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TO PRODUCE HIGH QUALITY TRANSPORTATION FUELS

R.D. Srivastava and H.G. McIlvried
Burns and Roe Services Corporation
P.O. Box 18288
Pittsburgh, PA 15236
D. Gray and G.C. Tomlinson
The Mitre Corporation
McLean, VA 22102
E.B. Klunder
Pittsburgh Energy Technology Center

Pittsburgh, PA 15236
ABSTRACT

For the foreseeable future, liquid hydrocarbon fuels will play a
significant role in the transportation sector of both the United
States and the world. Factors favoring these fuels include
convenience, high energy density, and the vast existing infrastruc-
ture for their production and use. At present the U.S. consumes,
about 26% of the world supply of petroleum, but this situation is
expected to change because of declining domestic production and
increasing competition for imports from countries with developing
economies. A scenario and time frame are developed in which
declining world resources will generate a shortfall in petroleum
supply that can be alleviated in part by utilizing the abundant
domestic coal resource base. One option is direct coal conversion
to liquid transportation fuels. Continued R&D in coal conversion
technology will result in improved technical readiness that can
significantly reduce costs so that synfuels can compete economical-
ly in a time frame to address the shortfall.

BACKGROUND

The United States continues to rely heavily on liquid fuels for
transportation, and, in spite of the strong interest in using
alternative fuels, hydrocarbon liquids will continue to play a
significant role in our energy future. This is primarily because
of their convenience, high energy density, and the enormous
infrastructure in place for their production, distribution, and
end-use. Currently, the U.S. consumes about 17.5 million barrels
per day (BPD) of oil (about 35 gquads/yr = 1 quad/yr equals
approximately 500,000 BPD). Of this, 75% is used by the transpor-
tation sector.

Current domestic crude production is 6.6 million BPD, having
steadily declined from 9 million BPD ten years ago at a decline
rate of about 3%/yr. Currently, the U.S. imports over 50% of its
petroleum, and the Energy Information Administration (EIA)?
predicts that this will increase to 68% by the year 2010.

The U.S. currently uses 26% of. the world's total petroleum produc-
tion. Even if this percentage were to remain constant, a signif-



icant shortfall in the petroleum supply in the U.S. is likely to
occur because of declining domestic production. Because of
competition from rapid economic development worldwide, the U.S. may
not be able to import sufficient oil to meet future demand.

Coal resources in the U.S. are enormous. EIA estimates total
reserves at 1.7 trillion short tons. Coal represents an inex-
pensive, domestic resource that can be used as a feedstock to
produce clean, high-quality transportation fuels in an environ-
mentally sound manner.

The Department of Energy (DOE) Fossil Fuel Energy's R&D program has
been largely respon51ble for technological improvements in coal
liquefaction in the U.S. The goal of the DOE program is to develop
and demonstrate coal llquefactlon technology that is competitive
with crude oil at $25-30/bbl in 1993 dollars. The purpose of this
program is to reduce vulnerability to energy supply disruptions, to
create new high wage jobs, and to do this while respecting the
environment.

THE WORLD ENERGY PICTURE

At the last World Energy Congress meeting in 19922, MITRE presented
a world energy demand model that was used to estimate total
commercial world energy demand to the year 2100. If energy use
efficiency does not improve, estimated world demand will reach
2,090 quads by 2100. If energy conversion and end-use efficiencies

contlnue to improve, the world's commercial energy demand will be
reduced from 2,090 quads in the no-efficiency-improvement case to
about 1,050 quads in 2100. However, even with efficiency improve-
ments, world energy demand will still increase three-fold over the
present level of 350 quads per year.

The question is whether this demand can be satisfied with known
energy resources. To answer this, the world resources of oil and
natural gas must be determined. The United States Geological
Survey3 estimates the world's ultimate resource of conventional oil
as 1.7 trillion barrels (about 10,000 quads). Estimates for
natural gas are less certain; therefore, a range was assumed:
10,000-20,000 trillion cubic feet? (TCF) (10,000-20,000 quads).

Figure 1 shows resource depletion curves. By 2100 oil will be
essentially depleted, and natural gas will either be depleted or in
rapid decline. Although not shown on the figurée, coal availability
worldwide is enormous. Estimates range from 45,000 quads® for
proved reserves to 240,000 quads6 for the total resource, between
500 and 2000 years supply at current usage rates.

The estimated conventional fossil energy resource and the postu-
lated world energy demand scenario can be combined to produce a
world energy demand/supply scenario as shown in Figure 2. 1In this
scenario, it is assumed that oil, gas, and present day nuclear use
follow the depletion curves shown, coal use remains constant at the
present level, and hydroelectric power supply triples between now



and the year 2100. The area designated as "21st Century" repre-
sents the energy shortfall. In this constant coal use scenario,
the shortfall will have to be supplied by advanced nuclear energy
technologies and renewable or sustainable energy technologies.

Figure 2 shows that before the year 2030, and perhaps as early as
2010, the demand on world oil is such that supply cannot keep pace,
and the world oil supply starts to decline. This scenario is
optimistic, since it assumes that world oil use is essentially
constant from the present to 2030. However, world oil use is
actually increasing, so that the imbalance of oil supply and demand
will occur before 2030. If the world energy demand scenario
presented above is credible, then the world may have less than 30
years before a significant shortfall in conventional liquid fuel
supplies occurs.

THE UNITED STATES ENERGY PERSPECTIVE

Let us now concentrate on the situation in the U.S. The U.S.
annually produces about 17 quads of domestic crude oil and natural
gas liquids (NGL), and this production is declining. Figure 3
shows a resource depletion scenario from the present to the year
2100 for oil, natural gas, and power from current nuclear plants
(nuclear energy from current technologies is assumed to phase out
over the time period shown). It is evident from Figure 3 that the
declining domestic energy supply, especially liquid fuels, must be
made up by expanding petroleum imports or by increasing the use of
our domestic coal reserves.

The ability of the U.S. to import oil may be limited. Two import
scenarios which may be applied to the U.S. energy situation from
now until 2050 are (1) the U.S. will continue to consume 26% of
total world petroleum and (2) the U.S. will import a fraction of
the world's oil that is proportional to the U.S. GDP compared to

the world GDP. In both cases, the supply of o0il to the U.S.
declines early in the next century.

Two U.S. demand scenarios may be considered. The higher demand
scenario is from the EIA, and the essentially constant demand
scenario is from the MITRE energy model. Depending on which
scenario is selected, a shortfall in petroleum supply (domestic
production plus imports) begins somewhere in the 2005-2015 time
period and becomes significant by 2010-2030. The probable short-
fall is between 1 and 3.5 million BPD in 2030. This is illustrated
in Figure 4.

MEETING THE SUPPLY SHORTFALL

One alternative to meet this supply shortfall is to produce liquid
fuels from coal. In direct liquefaction, coal reacts with hydrogen
in a hydrogen donor solvent vehicle to produce a distillate product
that can be refined into liquid transportation fuels. The product
from direct coal liquefaction is easy to refine because it is an
all-distillate, low sulfur and nitrogen liquid. Transportation



fuels that meet the strict environmental regulations expected to be
in force in the next century can be made from domestic coals.

If coal conversion is to play a significant role in alleviating the
liquid fuel supply problem before the year 2030, then the lique-
faction technologies must be in a state of readlness for commercial
deployment about 15 years earlier, because lead times for the
introduction of new energy technologies are on the order of 10 to
15 years, even after the technologies are technically ready for
commercial deployment. Although direct liquefaction technology has
undergone very significant improvements over the past decade and
achieved a high level of technical readlness, it is still not cost
competitive. Therefore, continuing R&D is needed to reduce costs
to meet the target of 2015 for the start of commercial deployment.

Further R&D can achieve additional process improvements to permit
earlier introduction of coal-derived transportation fuels into the
marketplace.

Current liquefaction program activities cover all aspects of
technology development from basic and exploratory research through
bench-scale operations to proof-of-concept (POC) demonstration.
The four integrated elements of the direct liquefaction program are.
development of the catalytic two-stage direct liquefaction process,
coprocessing development, advanced llquefactlon concepts develop-

ment, and POC (3 ton/day) testing of promising technologies.

To help identify the high-cost elements of direct coal 1lique-
faction, DOE contracted with Bechtel’ to develop a conceptual
commercial design of a direct coal liquefaction facility to produce
hydrotreated distillate products from either bituminous or
subbituminous coal. The Bechtel design, which represents the
current state of the art for direct liquefaction, yielded a cost of
about $34/bbl of crude o0il equivalent (COE). Although higher than
the present world oil price (WOP) of about $17/bbl, this cost is
significantly lower than earlier estimates of $40-50/bbl because of
process improvements from the R&D undertaken over the last decade.
Because direct 1liquefaction technology is still evolving and
additional process improvements are expected, costs will decrease
further as improvements are incorporated.

THE IMPACT OF CONTINUING R&D ON DIRECT COAL LIQUEFACTION COSTS

Table 1 shows the elements of cost for the baseline direct
liquefaction conceptual commercial plant 'and the estimated

reduction in cost that can be achieved by further R&D. Areas of
most importance in reducing costs include decreasing capital
investment, improving product yields, and reducing catalyst cost.

Several opportunities are available. for reducing capital invest-
ment, such as increasing. space veloc1ty to reduce the number of
11quefactlon reactor trains and improving H, production. Replacing
the current ebullated bed reactors with slurry reactors decreases
the COE cost by about $1-2/bbl. By employing advanced technologies
now under development, the capital cost of H, production can be



decreased by an estimated 12% with a resulting decrease in the COE
cost of about $1/bbl.

Product quality improvement is equally important. One way to do
this is to increase the yield of products boiling below 850°F. An
increase of 10% in these products will decrease the COE cost by
about $3/bbl. Catalyst costs are a significant contributor to
product costs. If 90% of the catalyst can be recovered and reused,
the COE cost will be reduced by about $2/bbl.

The high probability of achieving the improvements discussed above
suggests that a $6/bbl decrease in the COE price to about $28/bbl
is readily achievable. The R&D strategy is to concentrate efforts
over the next few years in the high potential areas listed above.
With no further R&D, direct coal liquids will remain at the Bechtel
baseline cost of about $34/bbl of COE, and coal liquids would not
be competitive with petroleum until 2030. With continued R&D, the

cost of direct liquids will be reduced to about $28/bbl ($0.67/gal)
and be competitive in 2017, 13 years earlier.

STRATEGY FOR DEVELOPING A COMMERCIAL COAL LIQUEFACTION INDUSTRY
Once cost competitiveness is achieved, the next step is to achieve
commercialization. Initial pioneering production of coal-derived
transportation fuels will require a capital expenditure of $3.8 to
$4.6 billion for each plant to produce about 70,000 BPD of liquid
fuels; it may require five to seven years to achieve full produc-
tion. Because of the costs involved, coal~derived liquid fuels
will probably not make a major contribution to the nation's trans-
portation fuel needs until a significant imbalance between crude
oil supply and demand occurs, expected sometime between 2015 and
2030.

The liquefaction plants to produce coal-derived fuels will be
designed to meet the highest standards for environmental compli-
ance. The transportation fuels produced by coal 1liquefaction
technologies will be environmentally superior to their petroleum-
derived counterparts and will be capable of meeting all require-
ments of the 1990 Clean Air Act Amendments. Coal liquefaction
technologies can also be utilized to co-convert wastes, such as

plastics, to environmentally acceptable fuels.

The key to commercialization will be integration with the existing
petroleum refining/distribution infrastructure. In achieving
commercialization, two intermediate technologies are important.
The first is coprocessing of petroleum-derived wastes (plastics,
tires, waste oil) with coal. Development of this technology is
being driven by dwindling landfill availability and increases in

tipping fees. These additional incentives may permit early
implementation of this technology. The second technology is
coprocessing of coal with heavy petroleum resids or oils. This

technology is seen as being commercially feasible as a mid-term
option and is likely to account for the first production of coal-
based transportation fuels in existing petroleum refineries.



THE CONTRIBUTION OF DIRECT COAL LIQUEFACTION TO THE U.é. ECONOMY

If construction of coal liquefaction plants can be initiated in the
year 2012, one million BPD capacity could be in place by 2030.
Although direct coal liquefaction would only provide a portion of
the energy mix needed to address the U.S. shortfall, production of
high quality transportation fuels from U.S. coal will constitute a
new and growing domestic industry that will employ engineering and
construction personnel, plant operators, coal miners, and related

workers. An estimated 333,000 jobs would be created by a one
million BPD industry.

Demonstrating the ability to produce coal-derived transportation
fuels at $28/bbl by the year 2010 could have the effect of
moderating the world oil price at $28/bbl from 2017 onwards with
consequent savings to the U.S. economy of up to $200 billion (1993
dollars) between 2015 and 2030. An R&D program that can reduce
dependence on o0il imports, help in providing national energy
security, provide domestic jobs, and save $200 billion in balance
of payments is a sound investment in the nation's future.

CARBON DIOXIDE EMISSIONS

Concern has been expressed that increased coal use will result in
excessive emissions of carbon dioxide into the atmosphere; thereby
exacerbating the potential for global warming. Figure 5 shows the
energy mix that will result in no further increase in annual carbon
dioxide emissions in the U.S. over the present. This figure shows
that, because of the decrease in o0il and gas, coal use can be
increased substantially after 2015 with no net increase in annual
carbon dioxide emissions. Coal use can be increased by about 7
quads over present consumption by 2030 with no further increase in
carbon dioxide emissions. If this amount of coal were used for
production of liquid fuels, about two million BPD of coal-derived
fuels could be produced.

CONCLUSION

Because of the long-term nature of the market opportunity and the
consequent long wait for return on investment, without government
participation, private industry is unlikely to fund these activi-
ties. Therefore, continued government support for laboratory,
bench, and POC activities is essential to continue the development
of transportation fuels from coal. '

The analysis presented in this paper clearly shows that the world
will need substantial amounts of "new" energy to continue economic
progress in the next century. The U.S. has the opportunity to
develop coal liquids technology that will help ensure our continued
economic prosperity by creating a new industry with highly skilled
jobs and providing opportunity for export of U.S. technology on the
world market without compromising environmental gquality.
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Table 1. Estimated Cost Impact of Continued R&D on Direct Liquefaction

Increased Catalyst Improvement
Baseline Space Improvement Recovery in Hydrogen
Cost Elements, S$MM 28,776 tpd Velocity in Yield & Recycle Production
Coal Handling 222 222 226 226 226
Liquefaction 941 762 762 822 822
Gas Cleanup/Byprd Rec. 297 297 297 297 297
Product Hydrotreating 107 107 113 113 113
ROSE Unit 46 46 43 43 43
Gasification 334 334 342 342 302
Bir Separation 244 244 250 250 220
ISBL Field Cost 2192 2013 2034 2094 2024
0SBL Field Cost 978 978 981 978 968
Total Field Cost 3170 2991 3015 3072 2992
Total Capital 3889 3669 3699 3768 3670
Refined Product Cost, $/bbl
Capital~ 23.61 22.25 20.37 20.77 20.23
Coal 7.84 7.85 7.51 7.51 7.51
Catalyst 2.57 2.58 2.33 0.23 0.23
Natural Gas . 3.59 3.45 2.90 2.74 2.69
Labor 1.66 1.67 1.51 1.51 1.51
Other O&M 0.33 0.33 0.29 0.29 0.30
By-Product Credits (4.18) (4.05) (3.43) (3.29) (3.25)
RSP 35.42 34.08 31.48 29.76 29.22
Quality Premium (1.19) (1.19) (1.19) (1.19) (1.19)
COE 34.23 32.89 30.29 28.57 28.03
Plant Output,
million bbl/yr 24.16 24.16 26.58 26.58 26.58

*Includes maintenance materials, taxes, and insurance.



dV3A
00lc  060c 080¢ 0/0¢ 0902 0SOZ OVOZ 0S0Z 0202 O0LOZ 0002 066l

e o 0

00}

o)

002
sen ybiH |

spenp
JOHNOS A8 d3INddNS ADH3INT

401 00002 -seo ybiH
(SDSN) 421 000'01 -seH - 00g
(SODSN) siqg uoiL 8' 1 -JIO [eucuUBsAUO)

- 00
0€0¢ PUE 020¢ udamiag s1nddQ |fejuoys pHom

‘puewag WNajo1}dd Jo suondwnssy aAneAIasuo)) YA UaAg

e . e et Oom
mmohzommm_U:o>>h2mm>50co=m_amo

T 2anbrya




HV3A

00l¢c 060c 080c 002 0902 050¢ 002 0€0C 020c Ol0Z 0002 0661

% :

| momen|

_ 0€02 I8V mme:omm.m_ .mnu.moxu Ajeanewesq u:m..:mﬁ

SEr) pue |IO jeUlWON
as [eo) 1ueisuod) Yup xiyN Abisug paop

2 2anbtd

0

00¢c

ooy

009

008

000t

00ct

spenp
304NOS A8 d31NddNS ADYH3NS




ﬂ uonsjdaq 8a1nosay JO uenoslold JH 1IN Ag pemojio4 0102 0} suonoalold Vi3

HV3IA
00ic 060c 080c 0/0¢ 090c 0502 OvOC O0E0Z 0202 O0L0Z 0002 0661

1 { ' | ] 1 | | | | | 1 | I I | | 1 | I o

m
Z
m
S 1
)
IA
-

oL
o 3
4OL 00EL-SVO \ _ spmbr ON g1 2
S|e.1eg uoliig 9E | - 'O [BUONUBAUOD | | + 8pnig w
T _mmw_ -l ~<
N\ -~ C
Se=~" o 3
' 0202 191y Wnajol}ed d1sewo( ul auljna(] oszEmL m

; | DR -

uononpoid ABi1aug SN Umﬂom_oh.n__

€ aanbtyg



Jea A

_ = - - ‘ a®
m ajewjs3 puewsq aJin _

500z @Jojeg uibag oY |fejHoys wnajonad ‘puewaq Vi3 pajosfold Yim

SoLeUSOS puBweq puy Alddns 10'S N

y aanbrtg

0

ol

0¢
o
c
o
Q
7

og

oYy

0S

11



00l¢c 060¢ 0802 0.0c 090¢ 0S02 O0¥0C 0€02 0202 OLO0Z 0002 0661

Amuad isiz m

1e3ONN m

OJpAH m

« »+ HVY3A

suodwy pajw)] 4ao sewnssy

JUBISUON suoissiwg 20D Buip|oH a)ilUM 0202 J8ljy asealou] ued asn [eo)d

0¢c

ov

09

08

_oop

_mco_wm_Em_ apIxoi(

uogie) Jueisuo0) 1o

S aanbry

1 XN AB1euz3 S N

spenp
304dNOS A9 d31ddNS ADYH3INT




CASE STUDIES ON DIRECT LIQUEFACTION
OF LOW RANK WYOMING COAL

Paul Adler, Sheldon J. Kramer and Syamal K Poddar
(Bechtel Corporation, San Francisco, CA)

CONTRACT NUMBER: DE-AC22-90PC89857

PERIOD OF PERFORMANCE; April, 1993 to February 15, 1995

ABSTRACT

Previous Studies have developed process designs, costs, and economics for the direct liquefaction of
Illinois No. 6 and Wyoming Black Thunder coals at mine-mouth plants. This investigation concerns
two case studies related to the liquefaction of Wyoming Black Thunder coal. The first study showed
that reducing the coal liquefaction reactor design pressure from 3300 to 1000 psig could reduce the
crude oil equivalent price by 2.1 $/bbl provided equivalent performing catalysts can be developed.
The second one showed that incentives may exist for locating a facility that liquefies Wyoming coal
on the Gulf Coast because of lower construction costs and higher labor productivity. These incentiv&s
are dependent upon the relative values of the cost of shipping the coal to the Gulf Coast and the
increased product revenues that may | be obtained by distributing the liquid products among several
nearby refineries.

INTRODUCTION

This study is an extension of DOE Contract Number DE-AC22-90PC89857 (which started in 1990)
in which several process designs and economics were developed for direct coal liquefaction facilities
processing Illinois No. 6 coal at a mine-mouth location in southern Illinois*>. ASPEN process
flowsheet simulation (PFS) models also were developed for the Baseline des:gn case and the
following optional cases:

¢ Additional coal cleaning by heavy media separation
Additional coal cleaning by heavy media separation and spherical agglomeration
Thermal-catalytic liquefaction reactor configuration
Catalytic-catalytic liquefaction reaction configuration with vent gas separation
Fluid coking as a alternate vacuum bottoms processing option
Hydrogen production by steam reforming of natural gas

¢ Addition of a naphtha reforming plant
As the above designs were being developed, additional pilot plant data became available from the
advanced coal liquefaction facility at Wilsonville, Alabama. Thus, the contract was extended to
develop a design, economics and an ASPEN PFS model for an Improved Baseline case based on this
higher space velocity data*>. An additional case based on this Improved Baseline design also was
developed which produced the required hydrogen by steam reforming of natural gas rather than by
coal gasification.

In April, 1993, this contract was modified to develop two designs, economics and ASPEN PLUS
simulation models for a direct liquefaction facility processing a low rank, sub-bituminous Black
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Thunder coal at a mine-mouth plant located near Gillette Wyoming. The results for the base case
design with hydrogen production by coal gasitication and for one where hydrogen is produced by
stearn reforming of natural gas have been reported®?.

This paper reports on the results of two case studies based on the low rank coal liquefaction design.
The first study considers the hypothetical effects on the design and economics of reducing the design

pressure of the coal liquefaction reactors from 3300 psig to 2000 psig and to 1000 psig. The second
one considers the effects of relocating the plant from Gillette, Wyoming to the Louisiana Gulf Coast.

LOW RANK COAL PROCESS DESIGN

Table I shows the properties of the low rank coal from the Black Thunder mine which was used in
this study. HRI Iric. developed the process design for the high pressure coal liquefaction reactor
section utilizing a two-stage ebulated-bed catalytic reactor system’. This design is based on data from
Wilsonville pilot plant runs 262E and 263)™°. The coal liquefaction reactors have a design pressure
of 3300 psig although the first stage reactors operate at 3100 psig.

Figure 1 is a simplified block flow diagram of the main processing area for the entire base case
design. Not shown in this figure are the air separation plant, sulfur recovery plant, phenol recovery
plant, and other offsite plants. Run of Mine coal enters the complex through the coal screening; .
crushing and grinding plant (Plant 1) where partial drying is achieved in the presence of a nitrogen
purge. Coal containing 6.3 wt% ash (MF) is further dried to a moisture level of 2.0 wt% in a slurry
drier (Plant 1.4) before entering the coal liquefaction plant (Plant 2).

The light products from the coal liquefaction plant are sent to the gas plant (Plant 3) to separate the
fuel gas, propane and mixed butanes. The C5-350 F stream goes to the naphtha hydrotreater (Plant
4). The 350-850 F fraction from Plant 2 goes to the gas oil hydrotreater (Plant 5). Hydrogen is
produced by coal gasification in Plant 9. The bottoms from the coal liquefaction plant goes to a Kerr-
McGee Rose-SR unit (Plant 8) which produces an extract stream that is recycled back to Plant 2 and
an ash concentrate stream that goes to the gasification section of Plant 9. The oxygen required by the
Texaco gasification section of Plant 9 is produced in the air separation plant (Plant 10).

The hydrogen purge from Plant 2 is recovered by the hydrogen purification plant (Plant 6) which is a
combination of membrane and PSA units. The purified hydrogen goes to Plants 2 and S. Sulfur is
produced in a sulfur recovery plant (Plant 11). The sour water collected from the various plants is
sent through an ammonia recovery plant (Plant 38) before going either to the coal gasification plant or
to the phenol recovery plant (Plant 39) followed by a waste water treatment plant (Plant 34).

Table I shows the major input and output flows from the plant on a stream day basis. From 24,952
tons/day of dry ROM coal from the Black Thunder mine, this plant produces 67,312 bbls/day of C4+
hydrocarbons. The naphtha is only 10% of the C5+ liquids production (naphtha, distillates and gas
oil). In addition, this plant produces significant amount of byproducts; 167 tons/day of ammonia, 127
tons/day of liquid sulfur, and 45 tons/day of mixed phenols.
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EFFECT OF LIQUEFACTION REACTOR DESIGN PRESSURE

Direct coal liquefaction is a capital intensive process as has been demonstrated in numerous previous
studies. For the above described low rank coal liquefaction design, the costs associated with the coal
liquefaction plant are about 28% of the installed field costs (total ISBL and OSBL costs) of the
liquefaction facility. A good portion of these costs can be attributed to the cost of the large thick-
walled high pressure reactors, other high pressure vessels, and the compressors required to supply the
high pressure hydrogen-rich gas. Therefore, this study was made to determine the incentives for
conducting catalyst and process reseatch to develop coal liquefaction catalysts which will operate at
lower pressures.

Since these catalysts do not yet exist and insufficient thermodynamic, kinetic and hydrodynamic data
are available for a complete and detailed study, this is a somewhat hypothetical study. Therefore, the
following assumptions were made.

The kinetics of the coal liquefaction reaction remains unchanged as a function of pressure.

The coal liquefaction reaction product distribution and product composition are independent of
the coal liquefaction pressure. ‘

Most stream compositions are independent of the coal liquefaction pressure.

The cost of the new coal liquefaction catalysts which will operate at low pressure are the same as
those which are used in the base low rank coal design case. .
There is no effect of coal liquefaction pressure on either the design or cost of the OSBL plants.
There is no net effect of coal liquefaction pressure on the total utilities consumed by the entire
facility. This is a conservative assumption that will underestimate the cost savings of lower
liquefaction reactor pressures because less power is required to compress the make-up hydrogen
and pump the liquids into the liquefaction reactors.

Besides the major effect of reaction pressure on the cost of the coal liquefaction plant, the coal
liquefaction pressure may have a small effect on the cost of some of the other processing plants.

Plants 1 and 1.4 - The Coal Crushing, Grinding and Drying Plants -- The coal liquefaction pressure

has no effect on these plants.

Plant 3 - The Gas Plant -- This plant uses lean oil absorption at 200 psig to recover light hydrocarbons
from several gas streams. Since this pressure is well below the lowest coal liquefaction reactor design
pressure of 1000 psig which is being studied, the coal liquefaction pressure has no effect on this plant.

Plant 4 - The Naphtha Hydrotreater -- The naphtha hydrotreater reactor operates at about 1000 psig.
The naphtha feed comes from either intermediate storage or the low pressure fractionation section of
Plant 2 and has to be pumped up to reactor pressure. The make-up hydrogen comes from either the
Plant 3 (gas plant) or Plant 9 (coal gasification plant), and consequently, is independent of the coal
liquefaction reactor pressure. In either case, these make-up hydrogen streams have to be compressed
to the naphtha hydrotreater reactor pressure. Therefore, there is no effect of liquefaction reactor
pressure on this plant. '

Plant 5 - The Gas Oil Hydrotreater -- The gas-oil hydrotreater reactor operates at about 2600 psig.
The distillate and gas oil feeds come from either intermediate storage or the low pressure fractionation
section of Plant 2 and have to be pumped up to reactor pressure. The make-up hydrogen comes from
either Plant 2 (coal liquefaction plant), Plant 3 (gas plant), or Plant 9 (hydrogen production by coal
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gasification plant). The make-up hydrogen streams from Plants 3 and 9 always have to be
compressed to the gas oil hydrotreater reactor pressure. Only when the coal liquefaction reactor
pressure is below the gas oil hydrotreater reactor pressure does the hydrogen-rich stream from the
coal liquefaction plant require compression. Thus, for the coal liquefaction reactor pressure cases at
1000 and 2000 psig, an additional make-up hydrogen-rich gas compressor is needed. Consequently,
the ISBL cost of Plant 5 increases as the liquefaction reaction pressure decreases.

Plant 6 - The Hydrogen Purification Plant -- The hydrogen purification plant has two major sections.
The first section is a high pressure section which recovers hydrogen by membrane permeation from
the high pressure purge gas from the coal liquefaction and gas oil hydrotreating plants. In this
section, the key parameter for the hydrogen separation is the pressure difference across the
membranes. The second section is a low pressure section which recovers hydrogen by pressure swing
adsorption (PSA) from the lower pressure purge gas from the coal liquefaction, naphtha
hydrotreating, gas oil hydrotreating, and gas plants. The cost of this section of the plant is
independent of the liquefaction reaction pressure. However, the overall cost of Plant 6 does vary with
liquefaction pressure. As the liquefaction reaction pressure decreases, so does the ISBL cost of this
plant.

Plant 8 - The ROSE-SR Critical Solvent Deashing Plant - The feed to this plant comes from the
bottom of the vacuum tower of Plant 2. Consequently, the coal liquefaction pressure has no effect on
this plant. .

Plant 9 - The Hydrogen Production by Coal Gasification Plant -- The cost of the hydrogen production
by coal gasification plant is independent of the liquefaction reaction pressure except for the final

hydrogen compressor. This machine compresses the product hydrogen going to Plants 2 and 6. Thus,

the cost of this plant decreases as the liquefaction reaction pressure decreases only because a smaller
compressor is required to supply that portion going to Plant 2.

Table III compares the fourth quarter 1993 capital costs of an Nth plant for the entire low rank coal
liquefaction reactor complex at three liquefaction reactor design pressures; 3300, 2000 and 1000 psig.
As the liquefaction reactor design pressure drops from 3300 psig to 1000 psig, the field cost of Plant 2
drops by 245 MMS$ to 547 MMS$; a decrease of about 31%. This corresponds to a drop in the total
installed cost of the entire complex of 324 MMS$ to 3368 MMS$. However, this is only a drop of 8.8%
in the cost of the entire coal liquefaction complex because so much of the cost of the facility is in
either the other ISBL plants or the OSBL plants.

Figure 2 graphically shows the amount of COE reduction for the three cases. At a coal liquefaction
reactor design pressure of 2000 psig, the crude oil equivalent (COE) price is about 1.3 $/bbl less than
that at the 3300 psig liquefaction reactor design pressure. At a coal liquefaction reactor design

pressure of 1000 psig, the COE price is about 2.1 $/bbl below that at the 3300 psig liquefaction

reactor design pressure of the base case. This corresponds to about a 6.5% reduction of the COE
when going from a 3300 psig to a 1000 psig liquefaction reactor design pressure.

Thus, there is a significant economic incentive for continuing catalyst and process research to lower
the reaction pressure for direct coal liquefaction. Because of the large costs associated with all the
other plants in the complex, the cost reduction is not as great as would be expected when only the
coal liquefaction plant is considered. However, the savings could be more significant when
considering the integration of a coal liquefaction facility into an existing petroleum refinery because
the other processing plants and offsite facilities could already be available.
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EFFECT OF PLANT LOCATION

A study was undertaken to determine the effect of relocating the base case coal liquefaction plant
from the Wyoming mine-mouth location to a Gulf Coast location because of lower labor and
operating costs. Construction costs are lower on the Gulf Coast as a consequence of the lower labor
costs and higher productivity. Furthermore, there are more petroleum refineries in the area which
allows the distribution of the products among several of them so that each of them can take maximum
advantage of the coal liquids. Also, the option of several potential customers creates a more
competitive market which, over the long term, could result in higher sales prices.

Table IV compares some cost differences between the Wyoming mine-mouth location and the Gulf
Coast location. The average 1994 operator wage rate on the Gulf Coast is 12.00 $/hr which is
significantly less than the 18.50 $/hr in Wyoming. Also, the overhead factor for worker benefits on
the Gulf Coast is only 1.25 compared to a 1.40 factor in Wyoming. Construction and supervisory
labor costs also are lower by a similar ratio.

Utility costs also are lower on the Gulf Coast. Fuel gas is about 10% less expensive. Raw water is
significantly less expensive. It is only 20 cents per thousand gallons compared to $2.50 per thousand
gallons at the Wyoming mine-mouth location.

The above lower labor and utility costs and a more skilled labor force on the Gulf Coast results in a-
lower installed plant cost at the Gulf Coast than in Wyoming. The design of the Gulf Coast plant  *
essentially is the same as that of the base Wyoming plant with the 3300 psig coal liquefaction reactor
design pressure. However, in order to save on coal transportation costs, Plant 1 still is located in
Wyoming to crush and dry the ROM Black Thunder coal from 27.0 wt% moisture to 12.9 wt%
moisture. It was assumed that drying the coal to 12.9 wt% moisture prior to shipping has no effect on
its reactivity. Table V compares the costs of the Gulf Coast and Wyoming coal liquefaction plants in
fourth quarter 1993 dollars. The installed cost of the Gulf Coast plant is 369 MMS$ or 10% less than
that of the Wyoming location.

The Bechtel transportation department estimated the cost of transporting the Black Thunder coal from
the mine to the plant located on the Louisiana Gulf Coast along the Mississippi River to be 15 $/ton in
large rail cars carrying over 100 tons per car. However, in actual practice this will be a negotiated
price, and can vary. Therefore, in the subsequent economic analysis, a range of coal transportation
costs will be studied.

In the Gulf Coast case, the ash will be returned to the mine for disposal in the same manner as is done
in the base Wyoming case. Since the ash from the gasifier is in a vitrified state, it does not have to be

shipped in closed containers and can be returned to the mine for disposal in the same railroad cars that
are used to transport the coal to the Gulf Coast. Hence, the ash transportation cost will be the same as
the coal transportation cost. In the Gulf Coast case, the ash disposal cost was assumed to be half that
of the Wyoming case because the ash already is in the transportation mode from being shipped to the
mine and will be handled by the same equipment used to ship the coal.

PIMS LP models were used to determine values for the coal liquefaction products. For the original
study, a LP model of a typical mid-west refinery located in PADD II processing 150,000 bbls/day of
crude was developed®. This model was developed before all the ramifications of the 1990 Clean Air
Act Amendments were known and understood. Studies using this model showed that Wilsonville
coal liquids were, on the average, 1.07 times more valuable to the refinery than the crude oil mix
when the refinery was constrained to make the same product slate. Thus, by definition, the coal
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liquefaction products were said to have a syncrude premium factor (SCP) of 1.07. This 1.07 SCP was
used for the economic evaluation of the base low rank coal case at the Wyoming location®®.

Petroleum refineries located along the Gulf Coast are in PADD III and are configured differently than
those in the mid-west. These refineries generally contain more heavy ends processing, such as gas oil
hydrocracking and delayed coking units. Another LP model was constructed to represent a typical
PADD III refinery processing 150,000 bbls/day of an average PADD III crude mix 8 Unlike the LP
model of the PADD II refinery, this model contains processing units that are capable of producing
reformulated gasoline and low sulfur diesel fuel. Six cases were studied, a base case that processed
no coal liquids and five cases that processed various amounts of coal liquids. When the refinery was
forced to process all the coal liquids produced by the liquefaction plant, the same SCP value of 1.07
was obtained. However, as the amount of available coal liquids was reduced, the SCP value
increased. When the refinery processed 50% of the total coal liquids production, the SCP increased to
1.15; at 25% of the coal liquids production, it increased to 1.20; and when the refinery only processed
1,000 bbls/day of the coal liquids, the SCP increased to 1.25.

Because there is a concentration of petroleum refineries along the Gulf coast, the coal liquefaction
facility has a larger possible customer base with an increased likelihood of distributing the products
among several refineries. Thus, the liquefaction plant could increase its product revenue by
distributing the coal liquids among several customers who would be willing to pay more for a portion
of the production than a single buyer would pay for the entire amount. Economic evaluations were
made atboth the low and high SCP values of 1,07 and 1.25 to bracket the effect of the SCP value.

Although the LP models used to determine the SCP values are rigorous models, the calculated SCP
values are much less rigorous because of several uncertainties. For example, the behavior of the coal
liquids in the PIMS LP model was estimated based on limited published properties and processing
data of similar coal liquids. Additional data are needed to better determine the behavior of these
materials when processed in mixtures with conventional petroleum derived materials. Currently, a
“Refining and End Use Study of Coal Liquids” is in progress to obtain such processing data for both
direct and indirect coal liquids. Coal liquids from the POC facility are being upgraded mixed with
conventional petroleum intermediates, and the results will be used to improve the LP models.
Secondly, the LP models used in this study represented typical PADD II and PADD III petroleum
refineries. Markedly different results could be obtained when models of specific refineries are used
because each one has different unit capacities and processing constraints.

Finally, in the following economic calculations for both cases, no transportation costs for the coal
liquids were assumed. Inclusion of liquids transportation coast will lower the product revenues, and
correspondingly, the calculated COEs. However, if the liquids transportation costs are different, then
this omission will favor that case with the lower costs. This omission should favor the Gulf Coast
location because of the proximity of more refineries and the availability of water transport. However,
the magnitude of this omission cannot be calculated without knowing specific locations, refineries
and means of transportation.

Figure 3 shows the effect of the coal transportation cost on the COE difference between the Gulf
Coast and Wyoming locations for the lowest and highest syncrude premium values. At the lowest
syncrude premium value of 1.07, the Gulf Coast location is more favorable when the coal
transportation cost is less than about 9.0 $/ton. Above a coal transportation cost of 9.0 $/ton, it is
better to locate the plant in Wyoming. However, when the syncrude premium has a value of 1.25, the
Gulf Coast location is more favorable when the coal transportation cost is less than 20 $/ton. At the
estimated 15 $/ton coal transportation cost and a 1.25 SCP value, the COE is lower by 2.4 $/bbl at the
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CONCLUSIONS AND RECOMMENDATIONS

An engineering study to determine the effect lowering the design pressure of the coal liquefaction
reactors from 3300 to 1000 psig showed that the crude oil equivalent price could be reduced by about
2.1 $/bbl in a grass-roots plant. However, larger savings could be realized when integrating a coal
liquefaction facility into an existing petroleum refinery. Thus, there is a significant economic
incentive for continuing catalyst and process research to lower the reaction pressure for direct coal
liquefaction.

Another study showed that incentives may exist for constructing a facility to liquefy Black Thunder
coal on the Gulf Coast rather than at a mine-mouth location in Wyoming. The amount of which
depends on the relative cost of shipping the coal to the Gulf Coast and the increased product revenues
that may be obtained by distributing the liquid products among several nearby refineries. LP studies
suggest that the coal liquids are more valuable when distributed among several refineries. However,
additional data are needed to better determine the behavior of coal liquids when they are processed in
mixtures with conventional petroleum derived materials
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Figure 2
COE Reduction vs. Liquefaction Reactor Pressure
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Figure 3
Effect of Coal Transportation Cost on the COE
Difference Between the Guif Coast and Wyoming Locations
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TABLEV

Comparison of Plant Costs Between the
Wyoming and the Guif Coast Locations

Wyoming  Gulf Coast

ISBL Plant Field Costs, MM$ 1998
OSBL Plant Field Costs, MM$ 841
Total ISBL and OSBL, MM$ 2839
Home Office, Fees and

Contingency, MM$ 853
Total Installed Plant Cost, MM$ 3692

All costs are fourth quarter 1993 costs for the Nth plant.

File:DOEB9S/Tab4&S5
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The Direct Liquefaction Proof-of-Concept Program
Coal Liquefaction and Gas Conversion Contractors
Review Conference, Pittsburgh, PA
August 29-31, 1995

ABSTRACT

The goal of the Proof of Concept (POC) Program is to develop Direct Coal Liquefaction and associated
transitional technologies towards commercial readiness for economically producing premium liquid fuels from
coal in an environmentally acceptable manner. The program focuses on developing the two-stage liquefaction
(TSL) process by utilizing geographically strategic feedstocks, commercially feasible catalysts, new prototype
equipment, and testing co-processing or alternate feedstocks and improved process configurations.

Other high priority objectives include dispersed catalyst studies, demonstrating low rank coal liquefaction
without solids deposition, improving distillate yields on a unit reactor volume basis, demonstrating ebullated
bed operations while obtaining scale-up data, demonstrating optimum catalyst consumption using new concepts
(e.g. regeneration, cascading), producing premium products through on-line hydrotreating, demonstrating
improved hydrogen utilization for low rank coals using novel heteroatom removal methods, defining and
demonstrating two-stage product properties for upgrading; demonstrating efficient and economic solid separation
methods, examining the merits of integrated coal cleaning, demonstrating co-processing, studying interactions
between the preheater and first and second-stage reactors, improving process operability by testing and
incorporating advanced equipment and instrumentation, and demonstrating operation with alternate coal
feedstocks.

During the past two years two major PDU Proof of Concept runs were completed. POC-1 with Illinois No. 6
coal and POC-2 with Black Thunder sub-bituminous coal. Results from these operations are continuing under
review and the products are being further refined and upgraded. This paper will update the results from these
operations and discuss future plans for the POC program.
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The Direct Liquefaction Proof-of-Concept Program
Hydrocarbon Technologies, Inc. (HTT)
Lawrenceville, New Jersey 08648

INTRODUCTION

Coal is the most abundant fossil fuel resource of the United States. The technology for its
conversion to liquid transportation fuels such as gasoline, kerosine, and diesel is being continually
improved at Hydrocarbon Technologies, Inc. (HTI). The state-of-art direct coal liquefaction
process has brought down the crude equivalent price of coal liquids to about $30.00 a barrel from
over $70 a barrel by the technologies existing in the early 70s. The most widely researched
technology today is the Catalytic Two Stage Liquefaction Process (CTSL"), invented by
Hydrocarbon Research, Inc. during the late 80s. The Catalytic Two Stage Liquefaction Process
is an advanced direct coal liquefaction process that utilizes a low temperature first stage to foster®
hydrogenation in the presence of a nickel molybdenum ebullated bed catalyst and a higher
temperature second stage to increase conversion and heteroatom removal. A preferred mode of
operation developed at the Bench Scale is with extinction recycle of the 700°F* fraction to
produce a premium quality light distillate product. The CTSL™ technology is also
environmentally benign. Most of the R & D work on CTSL was funded by the U.S. Department
of Energy during the last decade. The U.S. DOE also co-sponsored a demonstration program at
the Proof-of-Concept (POC) scale for the CTSL™ Technology during the last three years at
Hydrocarbon Technologies, Inc. As a result of this, extensive modifications were made to HTT’s
4.0 TPD Process Development Unit incorporating equipment from Wilsonville Advanced Coal
Liquefaction Facility and upgrades in the period from December 1992 into October 1993. This
created a unique POC unit consisting of two ebullated bed reactors plus an on-line hydrotreater
and three modes of solid separation: vacuum distillation, ROSE-SR™, a pressure filtration. Two

long duration process demonstration runs were accomplished during 1993 and 1994. POC Run
1 evaluated the liquefaction behavior of a bituminous coal from Illinois No. 6 seam, Crown II
mine. POC Run 2 demonstrated the performance using a sub-bituminous coal from Wyoming
Black Thunder mine, followed by several days of co-liquefaction operations of coal with plastics

and waste tire rubber.
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PROGRAM OBJECTIVES

The overall objective of the Proof of Concept (POC) Program is to develop Direct Coal
Liquefaction and associated transitional technologies towards commercial readiness for
economically producing premium liquid fuels from coal in an environmentally acceptable manner.
The program focuses on developing the two-stage liquefaction (TSL) process by utilizing
geographically strategic feedstocks, commercially feasible catalysts, new prototype equipment,
and testing co-processing or alternate feedstocks and improved process configurations. Other
high priority objectives include:

. dispersed catalyst studies, demonstrating low rank coal liquefaction
without solids deposition, improving distillate yields on a unit
reactor volume basis, and demonstrating ebullated bed operations
while obtaining scale-up date.

. demonstrate optimum catalyst consumption using new concepts
(e.g. regeneration, cascading), produce premium products through
on-line hydrotreating, demonstrate improved hydrogen utilization
for low rank coals using novel heteroatom removal methods.

. define and demonstrate two-stage product properties for upgrading,
demonstrate efficient and economic solid separation methods,
examine the merits of integrated coal cleaning.

. demonstrate co-processing, study interactions between the preheater
and first and second-stage reactors, improve process operability by

testing and incorporating advanced equipment and instrumentation,
and to demonstrate operation with alternate coal feedstocks.

PROCESSING CONFIGURATION

The Proof of Concept Facility consists of several distinct process units, a Coal Handling System,
Two Ebullated-Bed Reactors in series, an On-Line Hydrotreater, Separation and Pressure Let-
Down System, Scrubbing and Oil-Water Separation, Flash Vessels and Atmospheric and Vacuum
Distillation Equipment a ROSE-SR™ and U.S. Filter Solid Liquid Separation Systems and
Produce Storage. The heart of POC reaction section is two ebullated bed reactors employing an
extrudate hydroprocessing catalyst. Ebullated bed reactors offer several advantages as a well
back-mixed reactor, it provides a uniform temperature and a control of exothermic heat of
reactions. It also provides a facility for on-line catalyst replacement. The POC Process
Development Unit (PDU) processes about 3 tons a day of coal producing about 15 barrels per
day of clean distillate liquid product and can operate with or without solids containing recycle
solvent. =~ The ROSE-SR™ unit and On-Line Hydrotreater were added along with other

improvements to the equipment and control systems prior to the CTSL™ Process Scale-Up with
Hlinois #6 Bituminous Coal. Figure I shows a schematic of the process.
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INSPECTION OF FEED COALS

Illinois No. 6 Crown II mine coal is a high volatile bituminous coal with high mineral matter and
sulfur contents, while Wyoming Black Thunder mine is a lower rank coal with high oxygen and
low sulfur contents. The analysis of these two coal feedstocks is shown in Table 1.

Table 1. Analysis of Feed Coals in POC Program

L CoaL ltunois No. 6 Crown 1! MINE Wyomna BLACK THUNDER MINE
Moisture (as-received), w¥% 16.2 282
Ash (dry basis), w% 95 6.7
Elemental Analysis, w Dry
Carbon 703 70.2
Hydrogen 5.2 5.1 >
Nitrogen 1.5 1.0
Sutfur 40 03
Oxygen (by difference) 55 16.7
| H/C Ratio 0.89 0.88

RESULTS AND ACCOMPLISHMENTS
POC-Runl

The main objective of POC-1 was to scale-up the CTSL™ process with Illinois No. 6 coal in the
extinction recycle mode to produce an all distillate slate of products. This was the culmination
of a ten year effort devoted to the development and scale-up of the two stage low - high
temperature sequencing ebullated bed process. Alternate goals were to confirm new equipment
operability, to collect data in the CTSL™ mode for comparison with the existing data base, to
collect 2500 gallons of distillate for downstream refining studies and to evaluate the ROSE-SR
and U.S. Filter systems. Following is a list of the several run conditions and variables studied.
Table 2 shows the actual conditions and set points. Hydrotreater was bypassed during most of
the operation.
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TABLE 2. POC-01 Operating Summary
Illinois No. 6 Crown II Mine Coal

Akzo AO-60 1/16" Extrudate Catalysts

Condition 1 2 3 3B 4AB 4C

5
Perlod No. 1319 20-26 27-32 41-44A 47-50 54-57 58
Recycle Mode Ashy < Solid Free e ->
Space Velocity 304 320 464 464 432 464 448
[Kg mf coalfm/m®
reactor]
Solvent/Coal Ratio 1.2 1.25 1.26 1.39 14 1.0 1.1
First Stage
Tempdeg C 409 408 413 410 413 413 413
Cat. Repl. Rate 03 0.8 08 0.8 0 0 0
[ka/ton mf coal] .
Second Stage
Temp deg C 426 432 435 432 433 438 440
Cat. Repl. Rate 0.5 1.5 15 15 1.5 0 0
[Kg/ton mf coal]

During the run POC-01, Illinois No. 6 coal was successfully converted to light distillate liquids
with low heteroatom (N, S, and O) contents. Throughout the entire 57 day operation, coal
conversion (based on quinoline solubility) was high, in the range of 94.7 to 95.4 w% of moisture-
ash free (maf) coal. Removal of organic sulfur and nitrogen was also high (Table 7). A major
portion of the converted coal was in the form of distillate liquids. The C*-524°C distillate yield
was in the range of 72.8 to 75.1 w% maf coal. When the process severity was reduced by
increasing the space velocity from about 320 to 460 Kg/h/m® reactor, the distillate yields dropped
down to about 70% and further to below 60% when on-line periodic catalyst replacement was
terminated. The overall process performance from POC-01 is summarized in Table 3. The
typical distribution of light distillates and their properties are shown in Table 6a. As shown in
this Table, a typical total distillate product from POC-01 is characterized by its low nitrogen and
sulfur contents, and high hydrogen contents and API gravity.

POC-Run 2

The main objective of POC-2 was to scale-up the CTSL extinction recycle process on sub-

bituminous coal including on-line hydrotreating of the IBP-343°C distillate. Of major concern
was whether or not calcium-carbon deposits would occur as has been evident in other low rank
coal processes. Table 3 shows the operating plan and conditions. An additional objective of
major importance was the addition of nine days of operation to study the co-liquefaction of
plastics with coal and waste tire rubber and coal. This was a scale-up from microautoclave and

one liter reactors to a 3 ton/day unit.
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TABLE 3. POC-01 PROCESS PERFORMANCE
Coal: Illinois No. 6 Crown II Mine (10.4 w% Dry Ash)

Catalyst: Akzo AO-60 1/16" NiMo Extrudates in both Reactors

Process Conditions 1 2 3B 4B 4C
Period/s 1820 | 24-26 42-43

Recycle Type Ashy G Ash-free e >

Process Performance

Chemical H* Consumption, W% MAF 7.1 71 6.1 59 53

Coal Conversion, W% MAF 95.6 95.0 94,7 95.1 95.4

524 G+ Conversion, W% MAF 86.6 86.6 83.0 78.0 76.0

Desulfurization (Organic), W 98.0 97.7 96.0 94.4 94.0

Denitrogenation, W% 86.0 825 78.2 759 78.0

C'-524°C Distillates, W% MAF 728 742 70.64 63.2 58.8

Deasher Performance

Deasher <-- e ROSE-SR - ->
Energy Rejection, % 25. 16.5 12.8 225 33.0
Deasher Coal Conversion, W% MAF 95.7 95.1 95.2 95.2 94.9

TABLE 4. POC-02 Catalytic Two-Stage Liquefaction of Wyeming Black Thunder Coal

Condition No. 1 2 3 4
Period No. 1-15 16-22 23-33 34-36
Feed Composition Ratio Coal Coal Coal Coal
1.2/1 1.21 1.2-1.511 1.2
it
Temperatures
K-1/K-2, °C 400/435 413/443 432/446 432/446
K-3 Hydrotreating, ‘C 370 372 382 382
Space Velocity, 320 320480 640 640
Kghr/m?
Catalyst Replacement,
kg/ton maf Coal
K-1 05 05 " 08 0.8
K2 1.0 1.0 13 13
Recycle Mode Ashy Ashy Ashy Ashy
Cther Molyvan
150 ppm
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As mentioned earlier, Wyoming Sub-bituminous Black Thunder mine coal was processed during
POC-02 during the first 36 days of operations, with an in-line hydrotreater. The operating
conditions are summarized in Table 4. POC-2 was a very successful scale-up of the CTSL
processing of sub-bituminous coal producing high yields of clean hydrotreated distillate at space
velocities as projected by Bench-Scale Testing. The typical process performance for POC-02
operations is summarized in Table 5.

TABLE 5. POC-02 PERFORMANCE

Condition 1 2 4A 4B

Hydrogen Consumption 8.6 83 6.9 8.1

Coal Conversion 80 926 91.8 93.5
Resid Conversion 86 84 84 82

C' - 343°C Net Distillate 58 54 56 49

C' - 524°C Distillate 66 62 56.6 57.5
Deasher Performance

Organic Rejection, % 243 22,0 12.7 138
Deasher Rejection, % 23.1 21.0 120 136

As shown in Table above, the high oxygen-containing lower rank sub-bituminous coal exhibited
a lower degree of conversion, 90 to 93.5 w% maf coal, and yields higher amounts of light
hydrocarbon gases and water. The light premium distillate yield was 66% maf at coal space
velocity of 320, and reduced to about 57% maf at a higher space velocity of 640 kg/h/m® reactor.
The typical overall process performance for POC-02 operations is summarized in 7able 7. The
quality of distillates obtained from POC-02 was excellent as a result of an in-line hydrotreater.
As summarized in Table 6b, for a typical POC-02 Condition, high proportion of the distillate was
lighter than 343°C and had less than 40 ppm nitrogen, 10 ppm sulfur, and high H/C atomic ratios.

TABLE 6a. QUALITY OF THE PREMIUM DISTILLATE PRODUCTS FROM
POC-01 OPERATIONS

Boiling Fraction Di—stribution, W% APl Gravity S, ppm N, ppm H/C Atomic Ratio
[BP-177°C 255 514 41 88 1.97
177-288°C 437 277 77 ‘ 146 1.7
288-343'C 25.6 20.6 84 187 1.63

343°C’ 52 16.3 652 263 1.54

Whole Product 100.0 334 153 240 1.75
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TABLE 6b. QUALITY OF THE PREMIUM DISTILLATE PRODUCTS FROM
POC-02 OPERATIONS

Boiling Fraction Distribution, W% | APl Gravity | S, ppm | N, ppm | H/C Atomic Ratio

IBP-177°C 32.8 56.4 1 5 1.94
177-288°C 51.3 32.1 1 30 1.71
288-343°C 13.9 24.6 9 38 1.61
343°C* 2.0 1941 40 81 1.56

5 21 1.78

Whole Product 100.0 '36.2
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TABLE 7. OVERALL SUMMARY OF CTSL™ PROCESSING AT

PROOF-OF-CONCEPT SCALE
COAL TYPE fuuons NO. 6 BLACK THUNDER MINE
(BITUMINOUS COAL) (SUB-BITUMINOUS COAL)

PDU OPERATION POC-01 POC-02
SOLIDS-SEPARATION ROSE-SR™ ROSE-SR™
RECYCLE TYPE Ash-free Ashy
SPACE VELOCITY 310 460
Kg/r/m®(Stage)
Reactor K-1 Temperature, °C 407 413
Reactor K-2 Temperature, °C 432 445
Backpressure, MPa 6.8 6.8
Process Performance
Overall Material Balance, W% 98.1 100.3
Coal Conversion, W% maf 95.0 926
524°C* Resid Conversion, w% maf 86.6 84.0
C4-524°C Distillate Yield, w% maf 742 62.0
C4-524°C, Barrels/Ton maf coal 50 41
Hydrodesulfurization, % 97.7 96.5
Hydrodenitrogenation, % 825 955
Hydrogen Consumption, w% maf 71 83
C4-343,"C Distillate Quality
AP Gravity 334 358
Nitrogen, ppm 153 40
Sulfur, ppm 240 5
H/C Atomic Ratio 1.75 1.80
Deasher Performance
Organic Rejection, w¥% maf 15.2 220

| Energy Rejection, w% maf 16.5 21.0

35




POC-2 Plastics and Rubber Co-Processing with Coal

In the closing condition of Run POC-2, pulverized waste tires and mixed plastics were processed
with coal at 3 tons/day to produce products, to study scale-up and to highlight process problems.
Operations were sustained for several days with 25% tire rubber - 75% coal and 30% plastic and
70% coal. The component ratio of the plastics was 50% High Density Polyethylene, 35%
polystyrene and 15% polyethylene terephtalate. A total of 15 tons of plastics, coal and used tires
and coal were converted to light (180-650°F) distillate of less than 10 ppm sulfur and 25 ppm
nitrogen and cetane index over 40 thus demonstrating the feasibility of processing wastes with
coal and defining areas requiring further R&D.

PLANS

The POC program is being modified to include a series of 9 continuous Bench Scale Runs
examining variant co-liquefaction schemes and optional POC Runs for scale-up and
demonstration. The POC schedule shows nine Bench-Scale runs occurring from July, 1995
through June, 1997 with two POC-PDU runs in fiscal 1998, December through May.



TITLE : REFINING AND END USE STUDY OF COAL LIQUIDS I —

PILOT PLANT STUDIES
AUTHORS: ‘ J. Erwin and D. S. Moulton

ORGANIZATION:  SOUTHWEST RESEARCH INSTITUTE

CONTRACT: DE-AC22-93PC91029
PERIOD OF PERFORMANCE: 11/1/93 to 9/30/97
1. Abstract

The Office of Fossil Energy, Pittsburgh Energy Technology Center is examining the ways in which coal
liquids may best be integrated into the refinery of the 2000 - 2015 time frame and what performance and
emission properties will prevail among the slate of fuels produced. The study consists of a Basic
Program administered by Bechte! Group, Inc. to build a linear programming refinery model and provide
processing and fuel properties data through subcontractors Southwest Research Institute, Amoco Oil
R&D, and M.W. Kellogg Company. The model will be used in an Option 1 to devise a slate of test fuels
meeting advanced specifications, which will be produced and tested for physical ASTM-type properties,
engine performance, and vehicle emissions. Three coal liquids will be included: a direct liquid from
bituminous coal, another from subbituminous, and a Fischer-Tropsch indirect liquefaction product. This
paper reports the work to date on fractions of the first direct liquid including naphtha hydrotreating, heavy
distillate hydrotreating, FCC of the heavy distillate hydrotreater products. Also reported are the first
stages of work on the indirect liquefaction wax including feed preparation and FCC tests of blends with
petroleum FCC feed. : ‘

2, Project Overview and Objective

What is the best way to integrate coal liquids into the refining industry of the future (2000 - 2017 time frame)? The
answer to this question, the supporting data, and related fuel utilization issues are the subject of Refining and End
Use Study of Coal Liquids. In sequence with the companion paper,.* - II, Linear Programming Analysis”, this
paper will review the work to date in the project. With Bechtel Group as prime contractor managing the project and
performing the refinery modeling, Southwest Research Institute, Amoco Oil R & D, and M.W. Kellogg Company
are studying the unit operations uniquely affected by introducing a yet-to-be-determined optimum concentration of
coal liguids in the crude stream of a modern refinery. Further project overview is provided in Paper II.

Both direct and indirect liquids are being studied. Feed and product properties, processing requirements & behavior,
refining economics, and fuel performance and emissions are objectives of the project. An overview of the work is
given in Figure 1. The arrows represent the flow of materials and information through the stages of the work. The
optimization of concentrations and product recipes is discussed in Paper II, while the individual unit operations
studied to date under the heading of “processing” in Figure 1 are discussed here.

3. Refining Scheme

The coal liquids, direct or indirect, are produced outside the petroleum refinery. The approach adopted in the End
Use Study is to make the least perturbation, of the existing refining process by mixing the coal feedstocks with the
crude oil entering the refinery; except that for indirect liquids, maximum benefit of their paraffinic nature would be

made by distilling them separately and sending appropriate boiling range cuts to individual refinery units most suited
for them.
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Figure 2 shows the refining scheme selected for the study. Only proven technologies were considered for inclusion
in the Bechtel refinery model and then only units needed for the slate of fuels being considered in the future time
frame: two grades of conventional and reformulated gasolines, three grades of diesel (& low aromatics diesel for the
IL1), jet A. Other refinery products (fuel oil, asphalt, gases, etc.) are considered in the computer modeling to satisfy
the mass balance.

In the sections below, the hydrogenation of the naphtha stream for reforming, hydrogenation of the heavy distillate
for FCC feed and product blending, fluid catalytic cracking of the heavy distillate, and indirect wax processing to
date will be discussed. The work thus far concems coal feeds DL1 and IL1 described below.

4, Direct Liquid Feedstock

The coal liquid feedstock, DL1, was produced by HRI, Inc. in the DOE Close Coupled, Two-Stage PDU plant
during Proof of Concept Run 1 from Illinois #6 coal, a bituminous feed. Operations were arranged to recycle 750°F*
material to extinction and to omit the in-line hydrotreating. At Southwest Research Institute, the full-boiling material
was distilled into four fractions: light naphtha, medium naphtha, light distillate and heavy distillate according to the
atmospheric split shown on Figure 2. The 7% atmospheric bottoms was allowed to remain with the heavy distillate
as a matter of practicality. In the future, a subbituminous feed will liquefied for study in the program as DL2.

5. Naphtha Hydrotreating .

Naphtha hydrotreating is an integral part of the preparation of the refinery streams blended into gasoline. The
objectives of the test of DL1 naphtha were to:

reduce the sulfur content to less than 0.5 ppm by weight to protect the reforming catalyst
reduce the nitrogen content to less than 0.5 ppm by weight

increase the hydrogen content of the naphtha

obtain process data and operating efficiency data at various operatmg conditions.

The pilot plant of the DOE Alternative Fuel Center at Southwest Research Institute was configured for
hydrogenation: feedstock is pumped from a weighing tank, heated to 400°F in a feed preheater, and passed
to the reactor. On the way to the feed heater, make-up and recycle streams of high pressure (770 - 1400 psig)
hydrogen join the feedstock. The make-up hydrogen flowrate was set at 10 SCFH and the recycle was held
- constant at 20 SCFH. The aggregate hydrogen flows constituted a gas contacting rate of 2208 - 4258 SCFB.
The reactor is composed of two stages- a 3.5 liter guard bed, followed by a 4.0 liter reactor. The reactor is
packed with an equilibrium nickel-molybdenum catalyst, Criterion HDN-60. The processed feedstock is
cooled and depressurized after leaving the reactor first in a high, then a low, pressure separator. Hydrogen
gas is recovered in the high pressure separator, scrubbed, and returned to the reactor. For the coal liquid
naphtha, which was in short supply, a smaller (one-eighth scale) reactor was used for the test matrix.

During the course of the experiment, pressures, temperatures, and flow rates were varied over a matrix of
conditions selected to achieve the experimental objectives of the naphtha hydrogenation while still
considering typical refinery conditions. The matrix of conditions is shown in Figure 3. System conditions
were monitored, and when sufficiently stabilized, a sample was drawn from the low pressure separator outlet.
The specific gravity was measured with a density meter and hydrogen content was determined by ASTM D
3701, broadband NMR method. A stripper column was not used during the run in order to conserve DL1
feedstock, instead, the samples were caustic washed to remove H,S and submitted for nitrogen (by
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¢ M chemiluminescence, Antek) and hydrogen content (D
9 3701) analyses. This sampling method precluded
measuring sulfur content of the product. Gas samples
D - were also taken from the vent sample port for gas
( chromatographic analyses.

LSV, !

Three feedstocks were used in the naphtha
hydrotreating. The first was a petroleum feedstock
which was selected in consultation with Amoco as a

- 4 1w typical refinery naphtha normally used as hydrotreater
P feedstock. The second experimental feed was the neat
; f Wl o sy DL1 naphtha fraction. The third feedstock was a
¢ ¢ y blend of 67% petroleum naphtha/33% coal naphtha

" o (by volume). o

Temp, F
Figure 3. Experimental Matrix for DL1

Naphtha Hydrotreating The test sequence began with the petroleum feedstock

at the low severity condition A. At steady state
(determined by reaching constant density and hydrogen contents), a product sample was drawn at this and
each subsequent condition. The petroleum feed was tested first to provide a benchmark for the PIMS library
data and to perform startup on a more abundant feed to conserve DL1 naphtha. The neat coal liquid was then
introduced at the low severity condition B. The temperature, pressure, and residence time were increased
to the high severity level C, and a sample was drawn and tested to assure that the nitrogen was below 0.5
PPM. Once this had been established, the neat coal liquid was tested at five additional conditions with
varying pressure, temperature, and flow rate at severities between the two extremes, B and C. The
petroleum/coal liquid blend was then tested at three conditions (I, J, and K) and the petroleum feedstock was
reintroduced as the process was brought back to its initial, low severity condition L. Comparison of this last
test condition to the first shows whether there has been significant catalyst de-activation.

Experimental Results: The test conditions and measurements are summarized in Table 1. There is a narrow
range of product properties; e.g., for the neat coal naphtha, the density differs by only 0.008 gm/ml and the
hydrogen content differs by 0.37 wt% between the extremes of process severity. The hydrotreating produced
good hydrodenitrogenation, with product nitrogen values at or below the target (values marked <1).

The wire frame representation of the experimental matrix in Figure 3 illustrates which direct comparisons
may be made between sample points sharing common values of two test parameters, but differing in the
third. Table 2 compares points differing in only one parameter, and presents the effects of increasing
pressure, temperature, and flow rate. Pressure influenced the hydrogenation more strongly than temperature
or flowrate in the ranges studied. The hydrogen content increased by an average of 0.22% wt when the



Table 1. Naphtha Hydrotreating Summary

Feed Avgerage Processing Density H2 Wt% Nitrogen
SAMPLE# Type Deg F Psig LHSV g/mL NMR PPMW
Coal Feed DL1 Naphtha 0.794 13.62 219
Petrol Feed Petr 0.767 13.95 <1
A Petr 599 770 2.6 0.765 14.06 <l
B DL1 596 770 27 0.787 13.89 3
C DL1 723 1397 14 0.780 14.21 <l
D DLI1 722 762 14 0.784 13.84 2
E DLL1 602 1397 27 0.786 13.98 <l
F DLI 656 762 2.7 0.786 13.97 <l
G DLI 720 1396 27 0.782 14.13 3
H DL1 718 762 2.8 0.788 13.94 3
I Blend 722 764 1.5 0.768 14.25 10
J Blend 722 1400 1.3 0.761 14.80 <l
K Blend 603 766 2.6 0.771 14.12 <l
L Petr 607 768 2.7 0.771 13.34 <l .
M Petr 721 772 1.5 0.760 14.39 <1

pressure was increased from 770 to 1400 psig. The pressure also had the greatest effect on density,
decreasing the density by an average of -0.0037 gm/ml when the pressure was increased from 770 to 1400
psig. The changes in specific gravity generally confirmed the change in hydrogen content. Increasing the
temperature from 600° to 720°F consistently increased the hydrogen content, but reducing the LHSV from
2.7 to 1.4 hr' increased the hydrogen content only at high pressure (1400 psi). At low pressure (770 psi) the
hydrogen content decreased.

Table 2. Naphtha Hydrotreating Main Effects
Effect Sample | Effecton | Effect Average Avgerage
Points H, on SG Effect on H, Effect on SG
Temperature BtoH +0.05% | +0.001 +0.010% -0.0015
(600 to EtoG +0.15% | -0.004
720°F)
Pressure BtoE +0.09 -0.001 +0.22% -0.0037
(770 to 1400 Hto G +0.19 -0.006
psig) DtoC +0.37 -0.004
LHSV CtoG -0.08 +0.002 +0.01% +0.003
(1.4t02.7 DtoH "~ +0.10 +0.004
hr-1)
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There is a three step progression in temperature between points B, F, and H. The points share a common
pressure (770 psig) and LHSV (2.7 hr'). In this case, the consumption of hydrogen is greater and the
specific gravity is lower at the intermediate temperature, point F. This would suggest that there may be a
critical temperature between 600 and 720°F where the processing efficiency is maximum. The higher
temperatures favor the reverse or dehydrogenation reactions arriving at the hydrogen concentration dictated
by thermodynamic equilibrium. The effect of high naphthenes concentration in the feed probably caused
some dehydrogenation, locally, at hot spots within the reactor during operation in the low hydrogen pressure
and high temperature part of the matrix.

The experimental results show that the catalyst lost activity during the sequence of experiments. Aromatics
hydrogenation and heteroatom removal in a petroleum feed were observed before and after the sequence
to indicate whether a major activity loss, which could complicate the modeling effort, had occurred. Activity
reduction can come from the high temperature levels of the most severe points of the present matrix without
regard to the specific feedstocks. The usual measure of catalyst deactivation (the change in temperature
required to restore product quality) was simulated with points L and M by raising the temperature on the
petroleum feedstock, and indeed, an increase in conversion was observed.

The selection of the experimental matrix was influenced by the expected increase in processing severity over
current refinery practice that would be expected in the time frame of interest to the current study. The
naphtha results indicate that the increase in severity went too far, and caused little improvement in produgt

quality and may have contributed to catalyst deactivation. Considering that the matrix was developed with
guidance from the literature of earlier coal liquid processing experiments, the current coal liquid was much
more readily upgraded than was expected.

6. Distillate Hydrotreating

Hydrogenation of heavier fractions is practiced to increase hydrogen content and thereby improve the yield
of valuable components, as well as to remove impurities that are unacceptable in fuels and which are
damaging to downstream processing. The objectives of the test of DL1 heavy distillate were to:

reduce the sulfur content to less than 380 ppmw

reduce the nitrogen content to less than 380 ppmw

increase the hydrogen content to 12 wt% or higher for FCC pretreatment

reduce aromatics content, improving ignition quality

obtain process data and operating efficiency data at various operating conditions.

The pilot plant hydrotreating configuration was identical to the one used in the naphtha processing. The
hydrogen was circulated at a slightly greater flow rate than in the naphtha processing: make-up hydrogen
was set at 12 SCFH and the recycle hydrogen was set at 24 SCFH. The make-up hydrogen varied from 1084
to 2981 SCFB, and the recycle hydrogen was added at between 2167 and 5961 SCFB. Pressures,
temperatures, and flow rates were adjusted to attain 17 different conditions, A through Q in Figure 4. The
operating conditions were varied between a low severity condition, set to match current refinery practice,
and a high severity condition sufficient to reduce the sulfur and nitrogen contents of the treated distillate
well below 380 ppmw to obtain storage stability. Pressures were varied between 700 psig and 1350 psig.
Temperatures were varied from 620 to 688°F. The LHSV was also varied between 0.8 and 2.2 hr™'.
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Three feedstocks were used in the distillate hydrotreating. The first was a petroleum gas oil with properties
to match the DL1 heavy distillate (within practical availability). The second was the DL1 heavy distillate
fraction. The third was a blend of the two: 67% petroleum distillate/ 33% coal heavy distillate (by volume).
The hydrotreating was done according to the test sequence depicted in the wire frame drawing of Figure 4.

c @
The test sequence began with the petroleum
feedstock at the low severity condition A. A H £
sample was drawn at this and each subsequent ¢ L )
condition. The neat coal liquid was then
introduced at the low severity condition B. The D
temperature, pressure, and residence time were o
then increased to the high severity Condition C,
and a sample was drawn and tested to assure the
nitrogen was below 380 PPM. After several F LS e
adjustments, this was established. The neat coal ¢
liquid was tested at nine additional conditions 6@
with varying pressure, temperature, and flow
rate at severities between the two extremes of '® 1 20 13%0
Conditions B and C. The petroleum/coal liquid -0 .
blend was then tested at three conditions (M, N, . X
and O), and the petroleum feedstock was ra
reintroduced as the process was brought back to i e Le 0
its initial, low severity condition P.
Comparison of this last test condition to the first 2 & &
showed whether there had been significant Temp., °F
catalyst deactivation, and this was checked by Figure 4. Experimental Matrix for DL.1 Heavy Distillate
increasing the severity on the petroleum Hydrotreating
feedstock to Condition Q.

Experimental Results: The test set points and the data collected are summarized in Table 3. The hydrogen
content of the processed DL1 distillate consistently fell above 12 wt%, satisfying the test objective. The
exception was Condition L, whose high flow rate made the condition effectively less severe than point B.
Multiple tests of the hydrogen content showed an average hydrogen content of the product of 11.98 wt%.
The range of product properties for the coal distillate was narrower than it was in the naphtha processing.
The density differed by only 0.006 gm/ml and the hydrogen content differed by 0.24% wt between the
extremes of process severity.

The hydrotreating step reduced sulfur and nitrogen in the DL1 heavy distillate below the 380 ppmw criterion
required for product stability. Table 4 compares points differing in only one parameter, and presents the
main, average effects of increasing pressure, temperature, and flow rate from the low to the high value of
each parameter. As with the naphtha hydrotreating, the most influential control parameter was an increase
in pressure from 700 to 1350 psig, which resulted in the predominant effect of increasing the hydrogen
content by 0.105 wt%. An increase in hydrogen content was usually, but not always, accompanied by a



Table 3. Distillate Hydrotreating Summary
SAMPLE | Feed Avgerage Processing Density | H2 Wt% | Nitrogen
# Type Deg F |Psig |LHSV | g/mL |NMR PPMW
Coal Dist | DL1Feed 0.919 11.87 590
Petrol Petr Feed 0.868 12.22 109
A Petr 619 700 1.9 0.851 13.20 <l
B DL1 624 700 2.0 0914 12.06 351
C DL1 687 1350 }0.8 0.909 12.23 2
D DL1 688 1350 | 1.3 0.913 12.14 44
E DL1 649 1345 | 14 0.913 12.14 115
F DL1 654 1025 | 1.4 0.914 12.09 -{ 218
G DL1 650 700 1.4 0.915 12.07 300
H DL1 620 1345 | 1.4 0.913 12.17 238
I DL1 622 1351 (2.0 0.914 12.20 303
] DL1 653 |700 |22 0914 |12.13 355 il
K DL1 684 1351 | 2.1 0.911 12.10 129
L DL1 685 700 2.2 0.915 11.98 321
M Blend 686 699 2.0 0.875 12.57 53
N Blend 685 1351 (0.7 0.859 13.08 <l
0 Blend 618 700 1.9 0.876 12.55 119
P Petr 620 699 1.9 0.854 12.87 53
Q Petr 652 700 1.4 0.847 12.80 11

decrease in density, but over the narrow range of the data, no inference about resulting hydrocarbon
composition should be made. There is an occasional inconsistency between these two effects. Increasing
either the temperature (from 620 to 688°F) or LHSV (from 1.4 to 2.7 hr'') changed the hydrogen content
and specific gravity by lesser amounts, and in inconsistent ways. A decrease in the LHSV should not
decrease the hydrogen content. This information suggests that the variation within the data (analytical
precision and randomness) is obscuring the effects caused by varying the process conditions over a limited
range of severity.

7. Discussion of Hydrogenation Experiments
Regression analyses were performed on the data from both the naphtha and the distillate hydrotreater
experiments. Predictive linear models of the specific gravity and hydrogen fraction were generated in a form

relating these product properties linearly to the three operating parameters. This permitted a simplified
model using a single plotting parameter, an index of hydrogenation severity. The severity term, S, is the
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Table 4. Distillate Hydrotreating Main Effects
Effect Points Effecton H, | Effecton SG Average Average
Effect on H, | Effect on SG
Temperature HtoD -0.03% 0 -0.0125% -0.0015
(620 to 688°F) ItoK -0.10% -0.003
Pressure Btol +0.14% 0 +0.105% -0.001
(700 to 1350 psig) GtoE +0.07% -0.002
LHSV Htol +0.03% -0.001 -0.005% -0.0015
(1.4 to 2 hr-1) DtoK -0.04% -0.002

combination of the controllable operating parameters: S = P-T/LHSV. In general, as the pressure,
temperature, or processing duration (1/LHSV) increases, the products are processed more fully, whether for
desulfurization, denitrogenation, or hydrogenation. Consequently, as the severity term increases, the
hydrogen content should increase and the specific gravity decrease. Figure 5 shows the increase in hydrogen
content (relative to the feedstock) for the naphtha and distillate hydrotreater runs. The figure shows a linear
relationship between the hydrogen content and the severity term, considering the uncertainty in the data. The
scatter in the data does not obscure the strong correlation. The same holds true for the specific gravity vS8.

severity.

The correlation coefficient, r?, which is one measure of the goodness of fit of a model to data, was calculated
for the severity model and a linear polynomial (e.g. SG = a,+ a, T + a, P + a, LHSV) with terms comprised
of the individual operating parameters as shown in Table 5. The numbers show that the severity model has
a slightly stronger correlation to the data than the linear model.

Table 5. Comparison of Correlé.tion Coefficients for Distillate
Hydrotreating
Property R? (P,T,LHSV) R? (Severity)
H, Wt% 0.37 0.52
Specific Gravity 0.59 0.59

8. Distillate FCC

Fluid catalytic cracking (FCC) of higher-boiling fractions of crude oil increases the value of heavy feedstocks and
balances the product blending pool by providing gasoline blending components. In this unit process, feedstock is
preheated before injection into the bottom of a vertical, fluidized bed reactor containing the finely divided , zeolite
cracking catalyst. Steam and reactor gases transport the vaporized feed and catalyst up the riser and out to another
vessel, the regenerator, where product gases are separated from the catalyst. The catalyst is valved into a lower
vessel freed of deposited coke by combustion air before being recycled to the riser. The most significant operating
parameters are catalyst to oil ratio and operating temperatures, while measured variables of interest include gasoline
yield, gasoline octanes, and “coke make”.
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The experiments performed at M.W. Kellogg Company were in two parts:
o Microactivity Tests (MAT) similar to ASTM D 3907 on the folloiving:
IDENTITY DESCRIPTION
DL1 Neat Heavy Distillate | 550°F* fraction of DL1
HTR Dist Product J Slightly hydrotreated heavy distillate
HTR Dist Product R Highest severity heavy distillate
HTR Dist Product C Severely hydrotreated heavy distillate
Petroleum Gas oil Matched boiling range
Blend 50:50 (vol) DL1 Dist & Petr Gas Oil
« Pilot plant FCC tests on: -
IDENTITY DESCRIPTION
Petroleum Gas Oil Matched boiling range
DL1 HTR Dist Product C | Severly hydrotreated 550°F" fraction of DL1
Blend 33:67 (voly DL1 Dist & Petr Gas Oil

A MAT test apparatus consists of a glass reaction tube containing 3 to 7 grams of prepared FCC catalyst in a two-
zone furnace (970°F) and syringe injector delivering 1 ml over a 30-second time span.
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The procedure includes a nitrogen flush after injection then GC analysis of the product gases. The liquid product
is also analyzed by GC to determine conversion to gasoline (yield) and to estimate octane number. The carbon on
the catalyst is determined by measuring CO, production upon burnoff. ‘A mass balance accounting for >95% of the
material is required for a successful run. The MAT test runs provided:

* Yield over a range of conversions for each liquid
* Gasoline composition of one product of each feed
* Octane numbers of selected products showing effect of hydrotreating.

The results of the MAT testing are interpreted through plots of conversion to gasoline and coke yield such as in
Figure 6, which shows both parameters as a function of catalyst to oil ratio. For three materials of varied
hydrotreating severity, the overall effect of hydrogen content on gasoline yield is shown in Figure 7. The line for
“potential gasoline” also takes into account C3 and C4 olefins plus butane, which are used in alkylation and ether
production to the benefit of gasoline. This desireable effect is directly from the molecular structure of the coal-
derived component. The range of hydrotreating severity increased the gasoline yield from 52 to 65 Wt% as a linear
function of hydrogen concentration.

The pilot plant runs are summarized in Table 6 for the three liquids tested. The catalyst rates averaged 48.2 pounds

per hour of Vektor-50 FCC catalyst from Conoco while oil rates were ~0.47 pounds per hour. Riser outlet pressure
was 35 psig. Other data appear in the table. All three feedstocks ran well with little filter plugging propensitieg,
which bodes well for the test fuel production run in Option 1.
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Table 6. DL1 Heavy Distillate FCC Pilot Plant Operations Summary
Run Number 1 2 3
Feed Gas Oil DL1 Dist Blend
Catalyst/Oil Ratio 12.2 122 . 12.0
Temperatures
Feed Preheat 212 212 214
Catalyst Inlet 1265 1253 1252
Riser Average 984 987 983
Material Balance
Closure, Wt% 98.50 98.49 98.46
Conversion, Wt% 74.13 74.20 73.18
C2 & Lighter 3.34 2.03 2.83
C3&C4 15.37 13.73 15.02
C5 - 430°F 50.52 5517 | 5101
430°F* 25.87 25.80 26.82
Coke 490 3.27 4.32
Octanes
Engine RON/MON 91.0/80.3 91.0/80.0 | 90.7/80.2
GC RON/MON 93.2/81.1 92.8/81.0 | 90.7/80.7
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Compared to the petroleum stock, the coal liquid made much less coke and nongasoline products. The lower coke
make would require far more conversion than would yield the optimum product distribution (maximum gasoline).
In practice this indicates the need for an auxiliary fuel to supply adequate energy in the regenerator to keep the FCC
unit in heat balance at the required temperatures. The required heat inputs at optimum yields were calculated for each
material for use in optimizing the LP refinery model.

9. Indirect Wax Processing

As shown in Figure 1, the sequence of steps applied to the upgrading and integration of Indirect Liquid 1 (IL1)
differs from the sequence for the DLs, because of the nature of the Fischer-Tropsch product. Air Products and
Chemicals produced the IL1 feedstock in the DOE Alternative Fuels Process Development Unit (PDU) at LaPorte,
Texas during tests to check the hydrodynamics of the unit. In the PDU an artificial coal gasification syngas is
conducted through a slurry of high activity iron oxide catalyst, which polymerizes the methane and the paraffin
products of polymerization. The overflow from the slurry reactor enters several stages of separation to return catalyst

and low molecular weight paraffins to the reactor. Product paraffins leave the process as a stream of hydrocarbons
liquid at room temperature, a light wax slurry, and a heavy wax, which is solid at room temperature. There are traces
of olefins and oxygenates made during the reaction. There is also an aqueous effluent.

Feed Preparation: The first step in the investigation was reconstituting the fractions of interest for processing
experiments. As a test of hydrodynamics, it was not a concern to preclude incidental catalyst release with the heavy
wax. Catalyst cannot leave with light wax and hydrocarbon liquid, because they are condensed from vapor when they
are discharged. Since the iron-based catalyst would interfere with downstream processing experiments and would
not be present in a commercial production wax, a clean up step was added in which the 5 Wt% iron was reduced
below 500 ppmw.

After lab-scale experimentation, a technique was implemented at Southwest Research Institute to remove nearly 99.9
Wt % of the catalyst while not skewing the hydrocarbon distribution of the heavy wax. Approximately 20 V%
catalyst containing wax was dissolved in Isopar M™ solvent at 250°F and sent through 1.5 micron cellulose filter
paper in a plate and frame filter press. The Isopar M solvent was removed by two-pass distillation in a wiped film
pilot plant under vactum. The next step was removing the 20 Wt% 650°F" material contained in the light wax for
recombination with the clean heavy wax. Each portion of this heavy fraction of the light wax was mixed with four
parts clean heavy wax to reconstitute the as-produced 650°F* portion of the PDU product for further experiments.

Fluid Catalytic Cracking Experiments: At Amoco Oil R&D, FCC pilot plant runs were made at 20 and 40 Wt%
wax concentration in conventional petroleum FCC feed from the Amoco Whiting, IN refinery. The catalyst (also
used at M.W. Kellogg) was fed at ~2 pounds per hour. Liquid feed was about 0.22 pounds per hour. Other
operating data as well as pilot plant results appear in Table 7.
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Table 7. IL1 FCC Pilot Plant Operations Summary
Run Number 1 2 3
Feed FCCPetr. |20 Wt% 40 Wt%
Catalyst/Oil Ratio 9.43 9.57 8.88
Temperatures

Feed Preheat 394 393 ) 394

Riser Average 953 953 952
Material Balance

Closure, Wt% 100.04 100.00 100.01
Conversion, V% 71.52 75.44 79.98
C2 & Lighter 2.14 2.04 1.79
C3&C4 14.05 15.84 17.43
C5-430°F 51.37 53.32 56.36
430°F* 28.78 25.05 20.69
Coke 3.68 3.76 3.75 :
Octanes

88.2/79.6 86.6/78.8 86.7/79.2

Initial runs with the wax blends exhibited injector nozzle plugging from coke buildup. The plugging was determined
to come from composition, rather than catalyst fines. Boring out the injector nozzle from 0.02" to 0.04" allowed the
pilot plant to run successfully on both blends. Analysis of the data show that the incremental naphtha yields were
82 V% for the 40% blend and 75 V% for the 20% blend versus 62 V% for the petroleum FCC feed. The incremental
C4+ olefins yield was 18 Wt% for both wax blends compared to 10 Wt% for the petroleum. The results indicate
that the cycle oil produced is very light and that very little of the more troublesome decant oil is produced.

Incremental product values, using a 1994 price structure, show the LaPorte FT wax/gas oil blend products to be
worth three dollars per barrel more than the gas oil cracked products alone. This is principally because of the greater
naphtha yield and because of the valuable light olefins. Compared to previous work on fixed bed FT wax cracked
products, there was only a one octane number debit compared to the petroleum-only case, while there was a 4 octane
number debit for similar fixed bed products. Also the coke make was 75% higher with IL1 than fixed bed FT wax

processing.

10. Summary and Future Work

The End Use Study is nearing the completion of its pilot plant analysis of DL1 fractions and will soon begin work
on DL2. In fact, the DL2 feedstock, POC-2 from subbituminous coal, is being fractionated now. The unexpectedly
superior properties of DL1 resulted in hugher than necessary processing severities, which resulted in narrow ranges
of product properties from naphtha and heavy distillate hydrotreating. Operating conditions in subsequent
experimental matrices will be broadened accordingly.
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The naphtha hydrotreating showed good denitrogenation and readily met the specification of %2 ppmw needed to
protect modern reforming catalysts. Similar results were observed in special testing for sulfur. Good agreement
between hydrogen concentration increase and density decrease (except at two experimental points) indicated that the
feed resisted dehydrogenation by reverse reactions which tend toward the concentration of aromatics favored by in
thermodynamic equilibrium.

The heavy distillate hydrotreating achieved 90 - 97 Wt% hydrodenitrogenation, well below the target production
concentration of 380 ppmw. Limited tests showed similar results for sulfur. Hydrogen addition was readily
achieved. Observed catalyst deactivation probably arose from temperature excursions as shown by increased
treatment of the petroleum stock upon increasing reactor temperature. Byproduct hydrogen sulfide can be removed
by stripping with nitrogen gas to obtain a stable product.

FCC pilot plant and MAT tests showed that gasoline yields increase from 52 to 62 Wt% when the DL distillate is

severely hydrotreated. Coke production was low indicating that extra heat would be needed to balance cracking
operations at the optimum conditions for gasoline production. The indications were that all the products were good
gasoline producers and would be unlikely to foul catalysts. Octane numbers produced were comparable to petroleum
and the effect of hydrotreating was to make a small increase with increasing hydrogen content. The prospects for
the production run of blend components from cracking of DL1 heavy distillate is favorable.

Work on IL1 is at an early stage. Reconstitution of the heavy wax fraction by cleaning and distillation is completg.
FCC pilot plant testing of 20 and 40 Wt% blends of the resulting heavy wax showed better performance in cracking
than comparable fixed bed FT wax feeds. A 75 Wt% higher coke production was observed for IL1 over a similar
fixed bed FT feed. Calculations showed a three dollar per barrel premium of IL.1 heavy wax blends over the matched
petroleum feed from increased naphtha production and the higher proportion of valuable light olefins. This value
was attained with only a small reduction in octane numbers of the FT blend’s naphtha versus the petroleum naphtha.
In all the IL1 would make a valuable FCC feed.
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1.0 Abstract

A DOE-funded study is underway to determine the optimum refinery processing
schemes for producing transportation fuels that will meet CAAA regulations
from direct and indirect coal liquids. The study consists of three major parts:
pilot plant testing of critical upgrading processes, linear programming analysis of
different processing schemes, and engine emission testing of final products.

Currently, fractions of a direct coal liquid produced from bituminous coal are
being tested in sequence of pilot plant upgrading processes. This work is
discussed in a separate paper.

The linear programming model, which is the subject of this paper, has been
completed for the petroleum refinery and is being modified to handle coal
liquids based on the pilot plant test results. Preliminary coal liquid evaluation
studies indicate that, if a refinery expansion scenario is adopted, then the
marginal value of the coal liquid (over the base petroleum crude) is $3-4/bbl.

2. Proj verview An jectiv

Bechtel, with Southwest Research Institute, Amoco Corp., and the M.W. Kellogg
Co. as subcontractors, began a study on November 1, 1993, for the U.S.
Department of Energy's (DOE's) Pittsburgh Energy Technology Center (PETC) to

~ determine the most cost effective and suitable combination of petroleum
refinery processes needed to make specification transportation fuels or blending
stocks from direct and indirect coal liquefaction product liquids.

A key objective is to determine the most desirable ways of integrating coal
liquefaction liquids into existing petroleum refineries to produce transportation
fuels meeting current and future, e.g. year 2000 and beyond, Clean Air Act
Amendment (CAAA) standards. An integral part of the above objective is to
test the fuels produced and compare them with appropriate ASTM fuels. The
comparison will include engine tests to ascertain compliance of the fuel slate
with CAAA and other applicable fuel quality and performance standards.

Three types of coal liquids will be examined in this study: (1) direct coal liquids
from a bituminous coal, (2) direct coal liquids from a sub-bituminous coal, and
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(3) indirect coal liquids (Fischer-Tropsch). The two direct coal liquids were
produced by hydrogenation in the HRI Proof-of-Concept (POC) pilot plant. The
indirect coal liquids (distillate and wax portions) were produced in the DOE-
AFPDU (Alternate Fuels Process Development Unit) at La Porte, Texas.

The final part of the project includes a detailed economic evaluation of the cost
of processing the coal liquids to their optimum products. The study reflects costs
for operations using state of the art refinery technology; no capital costs for
building new refineries is considered. Some modifications or additions to the
existing refinery may be included if they are economically justified. Economy of
scale dictates the minimum amount of coal liquid feedstock that should be
processed.

To enhance management of the study, the work has been divided into two parts,
the Basic Program and Option 1.

BASIC PROGRAM
The objectives'of the Basic Program are to:

Characterize the coal liquids
Develop an optimized refinery configuration for processing indirect and
direct coal liquids ‘

* Conduct pilot plant tests on the critical upgrading processes

e Develop a LP refinery model with the Process Industry Modeling System
(PIMS) software.

The work has been divided into six tasks.

Task 1- Development of a detailed project management plan for the Basic
Program

Task 2 - Characterization of the three coal liquid feeds supplied by DOE

Task 3 - Optimization of refinery processing configurations by linear
programming

Task 4 - Pilot plant analysis of critical refinery process units to determine yield,
product quality and cost assumptions. Petroleum cuts, neat coal
liquids, and coal liquids/petroleum blends will be processed through
the following process units: reforming, naphtha and distillate
hydrotreating, catalytic cracking and hydrocracking.

Task 5- Development of the project management plan for Option 1

Task 6 - Project management of the Basic Program and Option 1

OPTION 1

The objectives of Option 1 are to:
e Confirm the validity of the optimization work of the Basic Program

¢ Produce large quantities of liquid transportation fuel blending stocks
¢ Conduct engine emission tests
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e Determine the value and the processing costs of the coal liquids

This will be done by processing the coal liquids and petroleum blends under the

optimized conditions indicated by the results obtained in Task 4 , blending and

characterizing the product liquids, and running engine emission tests of the
blends. Option 1 has been divided into three tasks.

Task 1 - Based on the pilot plant and linear programming optimization work of
the Basic Program, production runs of pilot plants (hydrotreating,
reforming, catalytic cracking, and hydrocracking) will be conducted to
produce sufficient quantities for blending and engine testing.

Task 2 - The pilot plant products will be blended, characterized, and engine
tested

Task 3 - An economic analysis will be conducted to determine the value of
processing the coal liquids through the existing refinery

3. Linear Programming M l

A model was developed using the Bechtel PIMS (Process Industry Modeling
System) linear programming software to simulate a generic Midwest (PADD II) ,

petroleum refinery of the futurel.

This "petroleum-only" version of the model aimed to establish the size and
complexity of the refinery after the year 2000 and prior to the introduction of coal
liquids. It should be noted that no assumption was made on when a plant will
be built to produce coal liquids, except that it will be after the year 2000. The year
2000 was chosen because it is the latest year where fuel property and emission
standards have been set by the Environmental Protection Agency. The model
assumes the refinery has been modified to accept crudes that are heavier in
gravity and higher in sulfur than today's average crude mix. In addition, the
refinery has also been modified to produce a product slate of transportation fuels
of the future (i.e. 40% reformulated gasolines with advance specifications). This
model will in turn be used as a basis for determining the optimum scheme for
processing coal liquids in a petroleum refinery.

.1 __ Refinery Expansion nario

A refinery expansion scenario was chosen as the basis for evaluating the three
coal liquids that are being examined in this study. The refinery expansion
scenario is a reasonable assumption because:

¢ No grass roots refineries will be built in the future for economic and
environmental reasons.

e As small or uneconomical refineries shutdown, larger and more complex
refineries will be expanded to meet consumption.
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¢ Coal liquids will have the highest value when credit is given for capital
avoidance. In an expansion, the use of higher quality coal liquids will allow
for lower capital expenditures.

The first step in developing this expansion scenario was to establish a base
refinery configuration. This configuration, which is called Case 1, represents
how the refinery would look prior to expansion.

The Case 1 refinery has the following characteristics:

Nominal crude feed rate is 150,000 BPD .

Crude is heavier and higher in sulfur than current average PADD II crudes.
Unit capacities are adjusted from 1993 PADD II average capacities.

All process units are running at capacity.

Product slate and specifications are based on year 2000 estimates and the EPA
Complex Model.

Case 2 or the expansion scenario, involves expanding the Case 1 refinery based
on the following assumptions:

¢ Nominal feed rate is increased to 200,000 BPD by increasing product demand )
by 33.3% (over Case 1). The increase in feed consists of either additional crude
or coal liquids.

¢ Process units are added or expanded as economically warranted. Capital costs
are charged for expansion costs above Case 1 capacities.
The product slate is the same as for Case 1.

* The crude feedstock is the same as for Case 1.

Figure 1 shows the differences between the two cases. Except as noted, the coal
liquids will be evaluated under the Case 2 - expansion allowed scenario.

3.2 Initial coal liquid piiot plant data

The Direct Coal Liquid 1 (DL1) heavy distillate hydrotreating pilot plant tests
conducted by SwRI provided treated samples produced under a number of
different conditions. Three of these samples (treated under mild, medium and
high severity conditions) and an untreated sample were sent to M.W. Kellogg for
catalytic cracking tests. This section of the report describes how the results from
the SWRI and Kellogg tests were used in the LP model to decide on the optimum
processing sequence.

The procedure used was to take the raw test data and develop yields,
consumptions, and product properties for hydrotreating and catalytic cracking
the DL1 heavy distillate. These yields, consumptions, and properties were then
entered into the LP model and the refinery operations were optimized.

Heavy Distillate Hydrotreating

Input to the model for the three samples that were sent to Kellogg was developed
as follows:



Hydrogen consumptions were estimated for the three samples based on
hydrogen uptake and heteroatom removal.

Volumetric yields were adjusted to achieve a weight balance for each
condition.

Distinct liquid product streams were created for each severity level.

Capital costs and utilities (per barrel) were assumed to be the same for each
severity level, thus giving an advantage to the high severity case.

Catalytic Cracking

Data for the model for the three treated and one untreated samples were
developed as follows:

Volumetric yields were calculated for the four coal liquids based on Kellogg
weight based yield data.

For each product cut range (naphtha, d1esel etc.) the propertles were assumed
to be the same regardless of the feed

Fuel usage was adjusted based on coke yleld for each feed type to achieve a
heat balanced operation.

The results from the above work are summarized in the table below. It shows
that, as expected, as hydrotreating severity increases, the hydrogen consumption
and distillate yield increase, and the specific gravity decreases. The gasoline
yields from catalytic cracking increase as the hydrogen content of the hydrotreater
product increases.

Distillate Hydrotreating
Severity Low Medium | High
Pressure, psig 700 1350 1800
Temperature, °F 653 687 730
LHSV 2.2 0.8 0.9
Hydrogen Consumption, 212 286 565
SCF/bbl
Distillate yield, volume % 100.15 100.49 101.69
Product specific gravity 0914 -} 0.909 0.887
Catalytic Cracking
Feed hydrotreating Neat Low Medium | High
severity
C5-430, volume % of feed 63.6 63.8 66.9 73.7
Fuel usage, MMBtu/bbl 0.200 0.200 0.203 0.264

Operating fuel usage is an adjustment to achieve a heat balanced yield.
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3.3 Preliminary coal liguid evaluation studies
3.3.1 Distillate hydrotreating/catalytic cracking

A diagram showing the possible processing options for the DL1 heavy distillate is
shown in Figure 2. This shows that the program is allowed to choose the most

economical path for processing the heavy distillate. Each path has advantages
and disadvantages.

1. Sending the neat heavy distillate to diesel/fuel oil blending avoids the
capital and operating costs of hydrotreating and cat cracking, but the
product has a lower value than gasoline. In addition, the neat liquid may
not meet diesel specifications even after blending with higher quality
material.

2. Hydrotreating the heavy distillate before sending it to blending may allow
it to meet specifications, but there are significant costs and, again, the
blended product has a low value.

3. Cat cracking the neat heavy distillate avoids the costs of hydrotreating and
results in higher value gasoline blendstock, but the cat cracking yields are
lower than the yields with hydrotreated feeds.

4. Cat cracking the hydrotreated heavy distillate is the most expensive option
from a capital and operating standpoint. The higher gasoline yields,
however, may compensate for these costs.

A run was made in which 50,000 bbl/day of DL1 were fed into refinery under the
Case 2 - refinery expansion scenario. An analysis showed that 90 percent of the
neat heavy distillate bypassed the distillate hydrotreater and was sent to the
catalytic cracker (option 3 above). This is because the improved cat cracker yields
from the hydrotreated feeds are not enough to compensate for the additional
hydro-treating capital costs. Seven percent of the neat heavy distillate was sent
directly to diesel blending. The remaining three percent was hydrotreated (at
medium severity) and then blended into the diesel pool.

3.3.2 F k val termination

In determining the value of different feedstocks such as coal liquids, it is
important to understand the term objective function. Objective function is a
linear programming term defined as follows:

Objective Function = Revenues - Purchases - Utilities - Capital charges

The linear program maximizes the objective function based on the constraints
set by the model.

Using a method similar to the one used for the alternate crude feedstocks, the

value of the coal liquids was determined by using the linear programming
model. The first step was to run the model without any coal liquid feed. This
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was followed by forcing a given amount of the coal liquid into the model at zero
value. The coal liquid value is the change in objective function divided by the
amount of coal liquid feed. The end result is such that when this value for the
coal liquid is used in the model , the objective function will be the same as for
the zero coal liquid case.

3.3.3 _Preliminary coal liquid value determination

Figure 3 shows the results of the coa] liquid evaluation work. With the base
petroleum crude set at $18/bbl, the DL1 coal liquid had a value varying from 21

to 22 $/bbl, depending on the amount of coal liquid fed into the refinery. Under
closer inspection, this coal liquid margin of $3-4/bbl is due to a combination of

capital avoidance and lower feedstock (crude, butanes, methanol, etc.) volumes.

The capital avoidance portion of the margin is distributed into a number of
areas. In comparison with the Case 2 run with zero coal liquid, there is:

o Less cat cracking (less resid to process)

e Less alkylation (less olefins from cat cracking)

e Less kerosene/distillate treating (higher quality CL distillate allows bypassing)*
e More naphtha HDT/reforming (more light material in CL)

e Less low value product

At 50,000 BPD of coal liquid, the $3.25/bbl margin over the base petroleum crude
is broken down as follows:

$/bbl
Capital avoidance - 1.48
Utility charge (0.10)
Additional feedstock avoidance 2.79 (less total feedstock is
required with coal liquids)
Additional product (0.92)

Total 3.25

Figure 4 shows the significance of capital avoidance. For the Case 2 - expansion
allowed scenario, the daily capital charges are plotted versus increasing amounts
of coal liquid. This shows that at zero coal liquid, the daily capital charges would
be approximately $274,000. This falls steadily to $193,000 when 60,000 BPD of coal
liquids are processed. This $81,000 savings is directly due to the characteristics of
the DL1 coal liquid.

3.3.4 Expansion vs. no expansion aliowed

The DL1 coal liquid was also evaluated under the Case 1 - no expansion scenario.
Here, the coal liquid displaced a portion of the 150,000 BPD of crude. The results
are shown in Figure 5. The coal liquid margin is significantly lower, 0.50 to 1.20
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$/bbl. This is because the model is much more restricted in the number of ways
it can process the coal liquid. In particular, there is no credit for capital
avoidance.

3.3.5 Effect of new pilot plant data

Prior to the experimental work detailed in section 3.2, direct coal liquid yields,
properties, etc. were estimated based on preliminary DL1 characterization work
and yields and properties from previous coal liquid upgrading studies. These
studies in turn were based on using coal liquid feedstocks from early liquefaction
processes such as Solvent Refined Coal (SRC) and Exxon Donor Solvent (EDS).
These liquids are significantly inferior in quality to DL1 and, thus, require more
extensive upgrading than DL1 requires.

These yield and property estimates were used in the model and several runs
were made to determine the coal liquid values at several feed rates.

Figure 6 compares the results from these LP runs to the results from the runs
made with the new pilot plant data. The lower curve is the coal liquid values
with the original estimates for yields, properties, etc. The upper curve is the
values based on the new data. This shows that using the pilot plant data results
in about a $1/bbl increase in coal liquid value. This increased value emphasizes

the higher quality of DL1 over the coal liquids of earlier generations. In
particular, DL1 does not require costly heavy distillate hydrotreating.

4.0 Summary

The linear programming model of a generic PADD II refinery was used to make
preliminary evaluations of the DL1 coal liquid. The evaluations were made
using the assumption that the coal liquids could fulfill the incremental feedstock
requirements in a refinery expansion scenario. The results showed that:

¢ The DL1 coal liquid margin ranged from $3-4/bbl depending on the amount
of coal liquid fed into the refinery. A significant portion of this margin is due
to the avoidance of capital expenditures when coal liquids are used.

¢ In a case scenario where no expansion is allowed and all refinery process unit
capacities are fixed, the margin falls to 0.5-1.2 $/bbl.

* Incorporation of the recent pilot plant test data into the model resulted in 1.0

$/bbl increase in the coal liquid margin over the value using literature data.
This increase reflects the higher quality of the DL1 coal liquid over previous
coal liquids.

5.0 References

1 "Petroleum Refinery Linear Programming Model Design Basis", DOE
Contract No. DE-AC22-93PC91029, Topical Report, March, 1995.
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Figure 1 - Base and Expansion Scenarios
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HYDROTREATING OF COAL-DERIVED LIQUIDS*

Stephen E. Lott, Frances V. Stohl, Kathleen V. Diegert, David C. Goodnow,
John B. Oelfke

Sandia National Laboratories, Albuquerque, NM 87185-0709

Sandia's work was funded by the U. S. Department of Energy under contract
DE-AC04-94AL85000.

Period of Performance: October 1992 -

Objective:

Accomplishments:

Plans:

To develop a database relating hydrotreating parameters to feed and product
quality by experimentally evaluating options for hydrotreating whole coal liquids,
distillate cuts of coal liquids, petroleum, and blends of coal liquids with petroleum.

The objective of Sandia’s refining of coal-derived liquids project is to determine the
relationship between hydrotreating conditions and product characteristics for liquids
produced using current technology. The coal-derived liquids used in this work were
produced in HTI's (formerly HRI) first proof-of-concept run using lilinois #6 coal.

Samples of the whole coal liquid product, distillate fractions of this liquid, and
Criterion HDN-80 catalyst were obtained from Southwest Research Inc.

Hydrotreating experiments were performed using a continuous operation,
unattended, microflow reactor system. A factorial experimental design with three
variables (temperature, (310°C to 388°C), space velocity (1 to 3 g/h/cma(cat)),
pressure (500 to 1000 psig H;)) was being used in this work. Sulfur and nitrogen
contents of the hydrotreated products were determined using an Antek 7000 Sulfur
and Nitrogen Analyzer with an automatic sampler. Small samples (about 7 0 22 g
depending on the liquid hourly space velocity) were collected periodically at each of
the test conditions evaluated during the course of the run. Several conditions were
repeated so the effects of catalyst deactivation could be determined. Nitrogen and
sulfur contents of the hydrotreated products were monitored during the run to
ensure that activity was lined out at each set of reaction conditions. Two large
batches (about 875 ml) of hydrotreated product were collected at the end of the run
for more detailed characterization. The total amount of reaction time for this run
was about 32 days (excluding down time). Results of hydrotreating the whole coal
liquid showed that nitrogen values in the products ranged from 548 ppm at 310°C, 3
g/h/em(cat), 500 psig Hz to <15 ppm at 388°C, 1 g!hlcm"(cat), 1000 psig H,. Suifur
values were very low for all conditions ranging from about 0 to 20 ppm.

Ongoing work includes characterizing products from the run with whole coal liquid,
completing the statistical analysis of the data, and performing a hydrotreating run
with the kerosene fraction of the whole coal liquid. Future work will involve
evaluating hydrotreating conditions for additional distillate fractions of this liquid, as
well as a petroleum feedstock, and blends of the coal-liquids and petroleum.

Sandia Project Team: Frances V. Stohi, Stephen E. Lott, Kathleen V. Diegert, David C. Goodnow,

John B. Oelfke
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INTRODUCTION

DOE/PETC's refining of coal liquids program is aimed at determining the most cost effective
combination of existing refinery processes and blending options necessary to upgrade direct and indirect
coal liquids into transportation fuels that meet year 2000 specifications. A main reason for this program
is that coal liquefaction processing has improved significantly since the last refining evaluation was done
by Sullivan and Frumkin (1) at Chevron in the early 1980s. In addition, a recent publication by Zhou,
Marano and Winschel (2) indicates that blending coal liquids with petroleum may allow refiners to
produce specification products with less refining than if each fraction was processed separately.
Sandia's role in this program is to develop a database relating hydrotreating parameters to feed and
product quality by experimentally evaluating options for hydrotreating whole coal liquids, distillate cuts of
coal liquids, petroleum, and blends of coal liquids with petroleum. Sandia's project is unique because our
small-scale, continuous operation flow reactor system enables us to evaluate many hydrotreating options

in a cost effective manner while keeping waste production to a minimum. Sandia's project is integrated
with other program participants including participants in the Refining and End-Use of Coal Liquids Study
project (Bechtel, Southwest Research inc. (SWRI), Amoco, M. W. Kellogg), Hydrocarbon Technology Inc.
(HTI, formerly HRI) the MITRE Corporation, and PETC. Sandia’s data will be used by other program
participants in refinery linear programming models to identify the most cost effective options for
introducing and processing coal liquids in a refinery. This paper will cover resuits obtained from
hydrotreating whole coal liquid product from HTI's first proof of concept run with lllinois #6 coal.

EXPERIMENTAL PROCEDURES
Sandia's experimental procedures included using a factorial experimental design, hydrotreating the
whole coal-derived liquid, characterizing the feeds and hydrotreated products, and reporting results to
other program participants.

Continuous Operation Reactor System: Sandia's hydrotreating studies are being performed using a
continuous operation, trickle-bed, microflow reactor system. The system has all required safety features
to enable it to be operated unattended. The capabllmes of this reactor system include catalyst loadings
up to 25 cm’, liquid flow rates from 0.05 to 4 cm*/min, gas flows for hydrogen and nitrogen up to 2 ¥min,
gas flows for H2S/H; up to 0.5 /min, maxnmum temperature of 620°C, and a maximum pressure of 1800
psig. The reactor volume is 59 cm®. Four samples can be collected automatically during unattended
operation. For liquid hourly space velocities (LHSV) of 1 and 3 g/h/cm’(cat), samples would weigh about

7 and 22 g respectively.

Factorial Experimental Design: Based on experience, three parameters were chosen for the factorial
experimental design (Figure 1): temperature, pressure, and LHSV. The ranges of hydrotreatmg
conditions used with the des:gn were temperatures of 310 to 388°C, pressures of 500 to 1000 psig Hz,
and LHSVs from 1 to3 glh/cm (cat). Evaluation of the first set of hydrotreating conditions (388°C, 500
psig Ha, 1 glh/cm (cat)) was repeated once during the run and once at the end of the run so that effects
of catalyst deactivation could be determined. Prior to the use of the testing using the factorial
experimental design, two additional sets of reaction condmons were evaluated to see the effects of high
pressure and temperature: 388°C, 1500 psig H,, 1 g/hlcm (cat) and 362°C, 1500 psig H>, 1 g/h/cm (cat).

Reactor Feeds and Catalyst: Sandia received (from SwRI) a sample of fresh Criterion HDN-60 catalyst
and about 3.5 gallons of whole coal liquid product that was produced in HTV's first proof-of-concept run
using lllinois #6 coal. The whole coal liquid product was collected when HTI's third stage reactor was not
on line and while catalyst replacement was being used. Sandia’s reactor was loaded with 10g of fresh
catalyst that was sulfided in situ using temperature staging. The presulfiding procedure consisted of
heating the catalyst to 177°C under He, starting the flow of a 10 moi% H,S/H; mixture and maintaining
177°C for 1 hour. The catalyst was then heated to 288°C under flowing H,S/H, and maintained at 288°C
for 1 hour. Next the catalyst was heated to 404°C under flowing H,S, the temperature was maintained at
404°C for 1 hour. H,S flow was stopped and H; flow started.
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Figure 1: Factorial experimental design (temperature = °C, -
LHSV = g/h/cm®(cat), pressure = psig)

(310, 1, 1000) (388, 1, 1000)
i
(310,3, 1000) ‘ (388,3, J000)
I (349,2,750)
' o
PRESSURE '
Lo ¥ LHSV
4
TEMPERATURE

Analytical Procedures: Small samples were collected either manually or automatically throughout the
run. Nitrogen and sulfur analyses were used to determine when line out was achieved at each reactidh
condition. These analyses were performed using an Antek 7000 Sulfur & Nitrogen Analyzer with an
automatic sampler. Standards were prepared using phenanthridine for nitrogen, thianthrene for sulfur,
toluene for the solvent, and four to five dilutions. Standards were measured at least twice and a
polynomial fit of the intensity versus concentration data was used for analysis of unknowns.

RESULTS AND DISCUSSION

Analyses of the whole coal liquid by HTI, SwRI, and Sandia are shown in Table 1. SwRI used their
measured specific gravity. Sandia used 0.9 g/ml for the first and second samples. Data for the second
sample was also calculated using SwRI's specific gravity to show the effect of different values. Results
show some variability but indicate the whole coal liquid has about 600 ppm nitrogen and 400 ppm sulfur.

Table 1. Sulfur and nitrogen analyses of whole coal liquid. Specific gravities used: HTl unknown;
SwRI = 0.8628 g/ml; Sandia = 0.9 g/ml (except as noted).

HTI SwRI Sandia
N S N S N S
581 345 529 405 616 428
621 399
649* M7

* Same data as second analysis but calculated with specific gravity = 0.8628.

The first condition used in the run was 388°C, 1500 psig Hz, and LHSV = 1 g/h/cm’(cat). This condition
was chosen to line out the freshly sulfided catalyst and to evaluate high severity conditions as a check on
parameters for the factorial experimental design. Product analyses showed no detectable nitrogen or
sulfur. Therefore, temperature was decreased to 362°C with pressure and LHSV remaining the same.
At this condition, nitrogen and sulfur contents of the hydrotreated products were still very low (less than 5
ppm). Since hydrogen pressure is the most restrictive variable in a refinery and because low pressure
gives more versatility for processing, the maximum pressure used in the factorial experimental design
was decreased to 1000 psig H.. In addition, the lower limit for temperature was also decreased. The
goal was to have as broad a range of parameters as possible without decreasing sensitivity to the
parameters. The order in which the various conditions were evaluated is shown in Figure 2.
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Figure 2 shows the nitrogen contents for all samples that were obtained at the various processing
conditions. Resuits were considered lined out when temperature, pressure and LHSV were relatively
constant, and the nitrogen and sulfur results were relatively constant. Only nitrogen results that were
relatively constant were used to calculate the average values at that condition. The average nitrogen
contents and standard deviations are shown along the X-axis. In addition, the order in which conditions
were evaluated is also shown. No data is shown for conditions 6 or 15 because the reactor went down
before there were enough data points for analysis. Sample 17 was a large batch (about 890 mi) of
hydrotreated product collected at the same condition used for sample 16 (388°C, 1000 psig Ha, 3
g/h/cma(cat)). Sample 19 was a large batch (865 ml) collected at the same condition as sample 18
(388°C, 1000 psig H,, and 1 g/h/cm3(cat)). These large batches were collected so that there would be
enough hydrotreated product for additional analyses. Sample 17 had 151 ppm nitrogen, which is a little
lower than sample 16, which had 178 ppm nitrogen. Samples 19 and 18 had similar nitrogen contents,
42 and 44 ppm respectively. Both samples 17 and 19 had <7 ppm sulfur.

Figure 3: Average nitrogen values (ppm) with standard deviations.
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Figure 3 shows nitrogen contents as related to the conditions for the, experimental design. Multiple
values at a given condition show effects of catalyst deactivation. The total amount of reaction time
(excluding down time) for this run was just over 32 days. Comparison of results for conditions 1 and 20
shows the effects of catalyst deactivation. Figure 4 shows the sulfur contents for the conditions of the

factorial experimental design.
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CONCLUSIONS AND FUTURE WORK

Results of this work show that good denitrogenation and good desulfurization can be obtained under
relatively mild conditions with coal liquids from current processes. At the lowest severity condition, there
is only about 10% nitrogen removal, whereas at the highest severity condition, there is about 97%
nitrogen removal. Sulfur removal is good over the whole range of conditions and is greater than 95%.
Ongoing and future work will involve additional characterization of reaction products by techniques such
as distillation, PONA or PIONA analyses, density determinations, and proton NMR for hydrogen
distributions. Results will be corrected for catalyst deactivation and analyzed statistically to determine
the effects of process conditions on product quality. Future hydrotreating experiments will be performed
with distillate fractions of this coal liquid and with coal-derived liquids from subbituminous coal.

* Acknowledgment: This work was supported by the U. S. Department of Energy at Sandia National
Laboratories under contract DE-AC04-94-AL85000.
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INTRODUCTION

The development of Catalytic Muiti-Stage Liquefaction (CMSL) at HTI has focused on both bituminous and

sub-bituminous coals using laboratory, bench and PDU scale operations. The crude oil equivalent cost of
liquid fuels from coal has been curtailed to about $30 per barrel, thus achieving over 30% reduction in the
price that was evaluated for the liquefaction technologies demonstrated in the late seventies and early
eighties. Contrary to the common belief, the new generation of catalytic multistage coal liquefaction process
is environmentally very benign and can produce clean, premium distillates with a very low (< 10 ppm)
heteroatoms content. The HTI Staff has been involved over the years in process development and has made
the following significant improvements in the CMSL processing of coals:

Staging coal liquefaction reactions

Lower temperature and higher residence times

Heavier (343°C+) boiling recycle solvents preferred

Low-High temperature mode of operation in catalytic processing

Coal concentration in feed slurries increased from ca. 30 W% to ca. 53 W%

Deep coal cleaning improved feedstock quality for liquefaction

Continuous sulfating for low-rank, low-sulfur coals

In-Line hydrotreating for product quality improvement .

Use of synthesis gas in first stage instead of pure H, improved net hydrogen utilization

Interstage separation of light products (343°C-) with in-line hydrotreating improved
process performance significantly

Use of ashy recycle, containing unreacted coal, 343°C+ resid, and inerts, improved
overall coal and resid conversion

A 24 month program (extended to September 30, 1995) to study novel concepts, using a continuous bench
scale Catalytic Multi-Stage unit (30 kg coal/day), has been initiated since December, 1992. This program
consists of ten bench-scale operations supported by Laboratory Studies, Modelling, Process Simulation and
Economic Assessments. The Catalytic Multi-Stage Liquefaction is a continuation of the second generation
of Catalytic Two-Stage Liquefaction approach, which results in high coal and resid conversions, and liquid
yields using a low/high temperature approach. This paper covers work performed between October 1994 -
August 1995, especially results obtained from the microautoclave support activities and the bench-scale
operations for runs CMSL-08 and CMSL-09, during which, coal and the plastic components of municipal
solid wastes (MSW) such as high density polyethylene (HDPE), polypropylene (PP), polystyrene (PS), and
polythylene terphthlate (PET) were coprocessed.

Coal/Waste Plastics Coprocessing: Increasing problems associated with waste disposal have combined
with the recognition that some raw materials exist in limited supply to dramatically increase interest in
recycling. Recycling of paperboard, glass, and metal are technically straightforward and these materials are
now commonly recycled in many areas around the world. Recycling of plastics presents greater technical
challenges, primarily due to the differences in the chemical compositions/properties of various types of
plastics. Some of the low-cost bulk plastics such as HDPE, PP, PS, and PVC find their way into advanced
recycling/conversion processes that convert these plastics to petrochemicals further refinement of which
could lead to isolation of monomers for plastics production or other high quality hydrocarbon products such
as transportation fuels and lubricants. Used automobile tires, the main source of waste rubber, pose another
environmental challenge. Most of the 200 million used tires that are discarded in the United States every
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year, end up in stockpiles or landfills, although recently some use of these used tires are also reported in the
power generation facilities. Other reported methods of recycling the scrap tires are based on pyrolysis
which results in low thermal efficiency and also poor selectivity to liquid fuels.

Why process recyclable wastes such as plastics and used rubber tires together with coal? Well, coal is an
abundantly available fossil fuel source with low hydrogen contents. The cost of hydrogen is a significant
portion of the total cost of converting coal to refined transportation fuels such as gasoline, kerosene, and
diesel via the state-of-the-art conversion technology. These municipal solid waste components such as
plastics or hydrocarbon oil in used tires are relatively richer in hydrogen contents than coal. Thus, using

these as a part of the feed in coal liquefaction would significantly reduce the cost of hydrogen production.
There also seems to be a distinct advantage in processing plastics/rubber waste in a liquid phase or slurry
mode under conditions much milder than those used in pyrolytic methods of conversion. Coal as a
component of the feed mixture can thus provide not only a way to liquefy these waste stream, but can also
act as a "mitigator" in maintaining the overall composition/properties of the combined feedstock more
uniform. This mediator role of coal is very crucial for any waste-stream conversion/recycling process
because the waste streams, depending on the location of the source, are going to inherently differ in their
compositions. Thus, it appears to be practical to co-process the most abundantly available fossil fuel, coal,
with hydrogen-rich, though in homogeneous in composition/properties, waste streams. The results obtained
during the seven days of operation of the Proof-of-Concept Run No. 2 (POC-02) at HTI, using combiged
feeds of coal/plastics and coal/rubber, were very encouraging and established the technical as well as the
operational feasibility of such combined processing. It also warranted further studies and process
development efforts to optimize the coprocessing of coal with either waste plastics or used tire rubber to
realize a commercially feasible plant operation.

OBJECTIVES

The overall objective of this 24 month Bench Scale study is to produce liquid fuels from direct coal

liquefaction at a cost that is competitive with conventional fuels. This objective is to be accomplished with
cumulative improvements through:

. Improvements in the effectiveness, use and to lower the costs of catalysts. .
. Investigation of coal pretreatment and low temperature hydrogenation.
. Evaluation of hydrogen sources and improve hydrogen management to reduce the cost of

liquid fuels to less than $30/bbl.

. Improvements in the quality and acceptability of fuels from direct liquefaction, addressing
concerns of 1990 Clean Air Amendment.

. Evaluation of coals of national interest and identify coals that have a good potential for easy
liquefaction at mild conditions.

. Improvement in process energy efficiency and reduce carbon oxide emissions during
processing.
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. Screening of new concepts using continuous bench-scale units prior to the higher costs "Proof
of Concept" demonstration.

. Providing input/feedback for the "Proof of Concept" demonstration program.

. Improvements in the overall process economics and environmental acceptability of coal
conversion processes by utilizing low quality, cheap, and otherwise-hard-to-convert
hydrocarbon feedstocks such as waste plastics, waste tire rubber, and heavy resids.

PROJECT STATUS

Microautoclave studies conducted during this reporting period include catalyst screening tests in supported
of the bench operations CMSL-08 and CMSL-09. Additional tests were performed to evaluate the reactivity
of different plastics, commonly found in municipal waste, and co-processing with coal under typical
liquefaction conditions. The development of novel iron and molybdenum based dispersed catalysts, which
can enhance the cracking of waste plastics.

A total of four bench scale operations, Runs CMSL-7 to 10, were carried out during this reporting perjod.
The effect of lower pressure was evaluated in CMSL-07 replacing hydrogen by a mixture of syngas in the
first stage of a two stage coal liquefaction operations. The co-liquefaction of coal and plastics was studied in
Runs CMSL-8 and 9. In CMSL-8 a mixture of co-mingled plastics (or HDPE) was processed with Illinois
No. 6 Coal from Crown II Mine in a Catalytic/Thermal configuration. Following Run CMSL-08, the
combined processing of plastics with a sub-bituminous Wyoming coal (Black Thunder coal) was evaluated
in a three stage configuration in Run CMSL-9. Both these runs involving waste plastics, varying from 25-
50 W% of feed, were carried out under relatively high space velocities ranging from 480 to 640 Kg/h/M?
reactor volume. The last test of the CMSL program, Run CMSL-10, is in progress at the time this paper
was prepared. The objective of CMSL-10 is to further evaluate the activity of iron and molybdenum based
catalysts using Black Thunder coal (without any waste plastics) in a configuration similar to Run CMSL-9.
The process performance of using Molyvan-A, a HTI iron based catalyst and a combination of these two
catalysts will be compared in CMSL-10.

This paper discusses results obtained from Runs CMSL-8 and 9 only. Results from the other runs will be
presented in the Contractors' review Meeting to be held in August.
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ACCOMPLISHMENTS AND CONCLUSIONS

The following major accomplishments and conclusions can be drawn from work completed during this
reporting period (October, 1994 to June, 1995):

L. In coal only operations, the conversion of coal was as high as 96% for Illinois No. 6 and Black
Thunder coal. The corresponding C,-524 C distillate yields of over 75% and 65% (maf basis) were
obtained at relatively high space velocity.

2. Dispersed catalysts were found to be effective in improving the hydroconversion of coal and co-
mingled plastics.

3. As compared with the coal only operations, co-liquefaction of coal and co-mingled plastics (20-50%)
seemed to give as much as 15% more distillate of lighter quality, less C,-C; gas make and lower
hydrogen consumption.

4. Direct coupled in-line hydrotreating produced premium quality coal liquids containing 10-20 ppm of
sulfur and as low as 10 ppm of nitrogen in processing both Illinois No.6 Crown II Mine and

Wyoming Black Thunder Mine coals.

LABORATORY SCALE SUPPORT STUDIES

The laboratory scale support studies consisted of preparation and testing of different novel dispersed iron
and molybdenum based catalysts for direct coal liquefaction and coal/plastics coprocessing. Microautoclave
tests were also conducted to investigate the reactivity of various polymers that are found in MSW under
typical coal liquefaction conditions. Studies were also carried out to determine the type of feed preparation
section handling needed for plastics in the combined feed with coal. These also included a couple of
off-line pumping tests for combined coal/plastics feeds, with 33 and 50 w% mixed plastics, to determine the
effects of adding plastics to a coal/recycle solvent slurry in terms of its viscosity and other flow-related

. properties.

For CMSL-08, the laboratory support consisted of experiments, conducted in relation to the pre-reactor
handling (mixing/dissolution and pumping) of the coal/solvent/plastic mixtures. In essence, two dissolution
tests were conducted at 33 and 50 W% co-mingled plastics and remaining Illinois No. 6 Crown II mine coal
(ca. 5 % moisture). The Tank-4 material, the oil used during the start-up and operations of the PDU Run
POC-02, was used as solvent for dissolution. The Tank-4 material contained mostly petroleum-derived oils
and small amounts of coal liquids obtained during POC-02. Thus, all compositions and ratios to be used
during CMSL-08 were simulated in these tests. The approach used was to make, at room temperature, a
slurry of coal and solvent, heating it to about 200-250°C and then adding co-mingled plastics to the slurry at
that temperature. After allowing the plastics in slurry about 30-60 minutes at temperature, the hot mixture
was observed to be fluid, homogeneous, and free of any lumps. Upon cooling down to room temperature,
the mixture took an appearance of a plasticized and grainy filter cake material. This approach is certainly
different from that employed successfully during the POC-02 run, although the new approach is less
complicated as it will need only one pre-mix tank at high temperatures (200-220°C) instead of three (as
during POC-02) and would also make the foaming problem due to moisture in coal more manageable. As a
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result, this was the approach that was followed for the pre-reactor handling of the coaf/plastics with recycle
solvent during CMSL-08 bench run. The off-line pumping tests, carried out both at 33% and 50% plastics

in the feed, using the hot slurry mix tank at 220°C, successfully demonstrated the pumpability of the feed
mixtures.

The microautoclave tests using pre-dissolved/pre-mixed feed, carried out under conditions similar to those
corresponding to the bench run, indicated as high as 92 W% maf conversion for coal+ plastics combined
feed (@ 33% plastics) while the conversion was 90 W% maf (@ 50% plastics), both based on THF
solubility of the products (Figure 1). These values were much higher than those obtained earlier (75-82
W% range) in the microautoclave tests that used the separately added coal and plastics feed. Thus, a

distinct advantage is seen here in using the pre-dissolved/pre-mixed coal/plastics/solvent mixtures for the
actual reaction studies. The reaction of HDPE and polystyrene (50/50 w/w%) mixture was carried out in the
microautoclaves (20 cc) in the presence of dispersed acidic catalysts, HTI-I and HTI-II, at typical coal
conversion process conditions. The results (Figure 2) indicate about 98-99 W% conversion of the plastics
(which are mostly THF insoluble before reaction) into liquids (light, free flowing) and gases (C,. C;). Based
on the difference in the reactor weights before and after reactions, the gas yields are estimated to be
between 10-12 W% and the rest is light liquid (THF solubles). Further analysis of THF soluble products
indicated that it was completely soluble in cyclohexane. This result seems to be very encouraging
considering that the other laboratories working on the plastics hydrocracking/depolymerization have begn
using a strongly acidic and more expensive zeolites (HZSM-5 or Y-Zeolite) for this reaction. Both the
catalyst additives, indicated above, have been developed in-house at HT1. In order to verify this result and
also search for optimum conversion conditions, additional microautoclave tests were conducted under "coal
liquefaction conditions".

Activity of molybdenum and iron based catalysts are also evaluated for coal dissolution. At similar Mo
concentration, Molyvan-A seems to be slightly more active (5-7%) than Molyvan-L. The iron based
catalyst, HTI-II, at higher concentration had a similar activity as the Molyvan-L, as shown in Figure 3.

Bench Scale Operations

The bench scale operations consisted of two continuous runs, CMSL-08 and CMSL-09, carried out in HTI’s
integrated unit 227, for a combined total of 64 days of operation on either coal-only or coal/plastics combined
feed. The Bench Run CMSL-08 was a 22 day long operation to study the coprocessing of a bituminous Illinois
No. 6 coal with 25-33 % mixed plastics consisting of 50% HDPE, 35% PS, and 15% PET. Bench Run
CMSL-09 was a 40 day long operation, with last 12 days on a combined feed of coal and 33-50 w% plastics
which consisted of about 40% HDPE, 33% PP, and 27% PS. The detailed run plans (operating conditions) for
both CMSL-08 and CMSL-09 are summarized in Tables 4 and 5, respectively.

Bench Run CMSL-08

The bench-run CMSL-08 was successfully carried out for 22 continuous days spread over five conditions to
investigate the effects of co-liquefying the primary plastic constituents of the municipal solid waste on the
CMSL Process performance. This bench run was a follow-up of the earlier exploratory work Hydrocarbon
Research, Inc. had carried out in the PDU scale continuous operations during the DOE sponsored POC-02 PDU
run. During this bench run, the conditions were chosen to seek for the optimum set of operating
severity/catalysis for converting plastics together with Illinois No. 6 coal. Although the work at the larger scale
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demonstrated the operational and technical feasibility of the coprocessing of this type, the interpretation of the
results was clouded by the fact that the continuous operation was never under solvent-balance, i.e., employed
significant proportions of the external make-up oil as a part of the recycle stream for the process. A conscious
effort was made to maintain the process under a net positive solvent-balance during the continuous bench
operations CMSL-08, thereby minimizing any intrusive effects of an external make-up oil. The first stage
reactor was provided with both the supported Ni-Mo/Alumina extrudate and the dispersed sulfated iron-
molybdenum catalysts to ensure sufficient activity for the depolymerization of plastics in this stage while the
second stage reactor was a back-mixed thermal reactor with no supported catalyst but with the dispersed catalyst,
carried over from the first stage.

The overall process performance during the five work-up (Steady-State) periods of CMSL-08 is summarized
in Figures 4 to 6. The first two run conditions, Conditions 1 and 2 at feed space velocity of 480 Kg/h/m®
reactor, compared on one-to-one basis, the process performance, product yields and quality between the
‘coal-only’ feed and the ‘coal and mixed-plastic (25 W%)’ combined feed (mixed-plastic part of feed was 50
W% HDPE, 35 W% polystyrene, and 15 W%, PET). These two conditions established that performance with
coal-plastics co-liquefaction was very similar, in terms of conversions and product yields, to direct coal
liquefaction, with much improved hydrogen efficiency. Condition 1, with coal-only feed, resulted in about 96%
total conversion, 91% resid conversion, and 72% distillate yield (all maf basis); the light gas yield and hydrogen
consumption were high (11.4 and 7.5% maf respectively), Condition 2, with 25 W% co-mingled plasticg in the
feed with coal, resulted in about 96% total conversion, over 85% resid conversion, and 71% distillate yield; thus
the overall performance was maintained despite the batch deactivation of the first stage supported catalyst. The
light gas yield and hydrogen consumption were also lower during Condition 2 (9% and 6.9% maf respectively).

Condition 3, with higher feed space velocity of 640 Kg/h/m®, higher K-2 temperature, and 25 W% mixed
plastics in feed, resulted in a drop in distillate yields and 524°C* resid yield. The solvent-to-feed ratio had to
be increased during transition to Condition 4 with 33 W% mixed plastics in the feed and a space velocity of
480 Kg/h/m®. Due to the compensating effects of increased catalyst age (deactivation) in K-1 and reduced space
velocity during this condition as compared to the previous one, process performance was maintained. The light
gas formation and the hydrogen consumption were lower during Condition 4, probably as a result of the
increased plastics concentration in the feed. The last run condition, Condition 5, was similar to Condition 4 in
terms of feed space velocity and reactor temperatures although instead of using mixed plastics, pure HDPE alone
was used at 33 W% of feed. The overall process performance deteriorated steeply during Condition 5, with
distillate yield just over 50 W% maf and resid conversion of 62 W% maf. Overall operations during this run
were smooth, except for a few feed pump interruptions. The material balance was excellent (an average for the

whole run was 100 W%) and the net recycle solvent-balance was also positive throughout the run.

Bench Run CMSL-09

The objective of CMSL-09 was to evaluate the activity of molybdenum and iron based catalysts for coal
liquefaction, as well as for co-liquefaction of coal and plastics. Similar to CMSL-08, CMSL-09 was conducted
in a two-stage configuration with an in-line hydrotreater. The feed coal was from Wyoming Black Thunder
Mine. The run started in a coal only operation mode. This mode extended over 6 conditions and switched to
coal and plastic feed for the remaining 3 conditions. Two levels of con-mingled plastics loadings, 33 and 50
W%, were evaluated in Conditions 7 and 9, while the remaining plastics condition was in HDPE only. A feed
space velocity of 640 kg/h/m® was maintained throughout the entire run. Results of this run are given in Figures
7 to 9. The relative activity of fresh, a mixture of fresh and recycle (only) molybdenum catalysts were
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evaluated in Conditions 1 to 3. The distillate yield decreased gradually from the initial level of 66.6 W% to
62.2 W%, while 50% of the fresh Mo catalyst was replaced by recycled catalyst and further reduced to 60 W%
when all Mo catalysts were recycled catalysts. A high coal conversion of 95.2 to 95.8 W% was maintained up
to 50% of the fresh Mo catalyst was being replaced. At all recycled Mo mode of operation, the coal conversion

dropped to 92 W%. The yield of C,-C; gases and consumption of hydrogen in the "All Recycled" were 1.5 and
1%, respectively, lower than the "All Fresh" case.

During Condition 7, 33 W% of coal was replaced by a mixture of (HDPE/PP/PS) synthesized plastics. The
distillate yield increased from low 60% in the case of coal only to 75.4%. This high liquid yield was still
observed with 50% of plastics in the feed. The poorer process performance, lower THF and 524°C* conversions,
suggested the HDPE was less reactive than PP and PS. Results from this run confirms that co-liquefaction
improve the overall process performance by giving higher liquid yield, lower C,-C? gas make a consuming less
hydrogen.

Product Quality from Bench Operations

The separator overhead oil products from CMSL-08 and CMSL-09 represent the net light distillate stream from
the process. The overhead stream, which is essentially the liquids boiling between an initial boiling point of
about 60°C and 370°C, represents a combination of hot separator (O-1) overhead and continuous atmogpheric
still (N-1 CAS) overhead streams which passes through an in-line hydrotreating unit, K-3. The product stream
from K-3 is designated as the overall SOH (Separator OverHead) product. The other liquid part of the distillate
comes from the IBP to 524°C boiling fraction of the pressure filter liquid (PFL) or the vacuum still overheads
(VSOH), which are used to constitute recycle solvent, depending upon what is used for solid separation of the
CAS bottoms. The properties of Separator OverHeads for CMSL-08 and CMSL-09 from their respective
work-up Periods are shown in Figures 3 and 4.

As shown in Table 3, the API gravities and H/C atomic ratios of the SOH oil from CMSL-08 have been high
(35-38, and 1.73-1.82 respectively), especially for the coal/plastics coprocessing Conditions. The quality of the
distillates is also premium, with less than 10 ppm nitrogen and between 5-15 ppm sulfur contents. The sharp
increase in the naphtha (IBP-177°C) fraction during the coprocessing conditions indicates a significant
contribution from the plastics part the feed. It was also found that a significant contribution to the resid
(524°C") fraction in the product oil was made by the partially or incompletely degraded/depolymerized HDPE.
This finding was based upon the waxy nature (solubility behavior) of the pressure filter liquid and the significant
rise in both the resid content and API gravity of the heavier oil product when plastic part of the feed was
switched over from co-mingled plastics to pure HDPE alone with coal.

Similar findings with regards to the SOH distillate oil properties have been made (Table 4) for CMSL-09. The
API gravities (an indication of paraffinic character) of the distillate increased significantly in going from the
"coal-only" conditions to "coal/plastics” conditions (from about 32-37 to 40-44). The H/C ratios also improved
simultaneously during the transition. The light boiling naphtha (IBP-177°C) fraction increased significantly
during the coprocessing conditions, except for the condition that coprocessed coal with HDPE alone, instead
of mixed plastics. The sulfur and nitrogen contents of the distillate products have been very low in general, and
even lower for the coal/plastics coprocessing conditions.

Thus, both CMSL-08 and CMSL-09 were very successful bench runs from the technical as well as the
operational standpoints. A net positive solvent balance (excess production of 343°C* oil over what is needed



for recycle) was obtained for all the operating periods of both these bench runs. Over 22 days of continuous
operation was completed without any major issues/interruptions for CMSL-08 (17 days on coal/plastics

coprocessing) while CMSL-09 lasted for 41 days of continuous operation (12 days on coal/plastics
coprocessing). Samples of different process streams were also obtained for the Consol, Inc. for property
characterization/assessment.

These bench runs not only succeeded in providing insights into combined processing of coal with MSW plastics
but also indicated the type of reaction severity, reactor configuration, and catalysts needed for achieving
near-optimum process performance. The overall process performance, using plastics in the feed with both coals
independently, was much better with an improved hydrogen utilization, a significant benefit one strives to derive
from the plastics part of the feed in such coprocessing. Secondly, more so with a sub-bituminous coal
(CMSL-09), it was found that plastics had synergistic effects on coal conversion in terms of improving the
C,-524°C premium distillate yields. The presence of an in-line hydrotreater during both the bench operations
resulted in light distillate liquids containing as. less as 10-25 ppm nitrogen and sulfur. Indeed, it is strongly
believed that, because of all the positive effects of coprocessing waste plastics with coal, the economics of coal
liquefaction will improve significantly. More importantly, such coprocessing technology would allow re-use
of a very valuable hydrocarbon source (waste plastics) into the energy stream, in an environmentally benign
manner.

FUTURE PLANS

Run CMSL-10 is scheduled to end during the last week of June. Detailed product characterization will be
performed in July and August. Technical and economic assessment of process improvements obtained during
this program is under way and scheduled to complete in August. Also, preparation of the final report has been
initiated in May aiming to have a draft report for the project in mid-September.
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TABLE 1 CMSL-08 RUN PLAN

Coal: Iltinois No. 6 Crown II Mine
Plastics: HDPE, 50%; PS, 35%; PET, 15%
1st Stage Catalyst: Akzo Ao-Go Extrudate
Hydrotreater: Criterion C-411 Catalyst

Period Condition Description

1-6 1 Coal only; Space Velocity of 480 kg/h/m®

7-11 2 Coal + mingled Plastics, same condition as Condition 1

12-16 3 Coal + 25% Co-mingled Plastics, 25% increase in space velocity
17-20 4 Same condition as Condition 3, with 33% Co-mingled plastics
20-22 5 Same as Condition 4, with 33% HDPE

TABLE 2 CMSL-09 RUN PLAN

Coal: Black Thunder
Plastics: HDPE, 40%; PP, 33%; PS, 27%
Hydrotreater Catalyst: Criterion C-411 Catalyst

Period Condition Discription "
1-5 1 Coal only; Fresh Mo only I|

10-14 3 Coal only; Fresh & Recycle Mo I

15-19 4 Coal only; Recycle Mo only

20-24 S Coal only; Repeat of Condition 3

25-29 6 Coal only; Mo and Fe based catalysts (with
recycle)

30-34 7 Coal & Plastics; same as Condition 6

35-38 8 Coal & HDPE; Mo and Fe based catalysts
(no recycle)

3941 9 Coal & Plastics; Mo and Fe based catalysts
(no recycle)
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TABLE 3. PROPERTIES OF THE SEPARATOR OVERHEAD DISTILLATES FOR

BENCH RUN CMSL-08

Run Condition 1 2 3 4 5
Work-Up Period 6 11 16 20 22
W% Plastics in Feed 0 25 25 33 33
Gravity, API 354 36.4 37.7 37.6 35.4
IBP, °C 59 79 57 64 77
FBP, °C 366 379 379 377 399
IBP-177°C, w% 28.2 37.1 47.5 37.5 31.6
177-260°C, w% 318 222 20.9 234 242
260-343°C, w% 34.3 33.1 24.6 324 32.7
343°C*, 2% 5.7 7.6 7.0 6.7 11.5
H/C Ratio 1.79 1.78 1.73 1.78 1.82
Sulfur, ppm 6 16 5 115 10 .

Nitrogen, ppm <1 8 <1 5 4

_—------
TABLE 4. PROPERTIES OF THE SEPARATOR OVERHEAD DISTILLATES FOR

BENCH RUN CMSL-09

Run Condition 1 3 4 7 8 9
Work-Up Period 5 15 19 34 38 41
W% Plastics in Feed 0 0 0 33 33 50
Gravity, API 37.5 34.5 342 394 39.9 438
IBP,°C 59 61 61 57 72 57
FBP,°C 357 376 379 365 379 379
IBP-177°, w% 35.8 33.1 33.5 43.4 28.2 48.3
177-260°C, w% 23.0 29.8 28.6 24.5 27.6 204
260-343°C, w% 32.7 29.9 299 26.6 33.3 24.2
343°C*,w% 8.5 72 8.0 5.5 109 7.1
H/C Ratio 1.81 1.72 1.72 1.76 1.87 1.82
Sulfur, ppm 7 15 9 9 17 34
Nitrogen, ppm <1 36 61 47 24 10
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Figure 4

Co-Liquefaction of Coal & Plastics
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Introduction

In 1992, the Department of Energy (DOE) sponsored research to demonstrate a

dispersed catalyst system using a combination of molybdenum and iron precursors for
direct coal liquefaction. This dispersed catalyst system was successfully demonstrated
using Black Thunder sub-bituminous coal at Wilsonville, Alabama by Southern Electric
International, Inc. The DOE sponsored research continues at Exxon Research and

Development Laboratories (ERDL).

A six month continuous bench-scale program using ERDL’s Recycle Coal
Liquefaction Unit (RCLU) is planned, three months in 1994 and three months in 1995.
The initial conditions in RCLU reflect experience gained from the Wilsonville facility in
their Test Run 263. Rawhide sub-bituminous coal which is similar to the Black Thunder
coal tested at Wilsonville was used as the feed coal. A slate of five dispersed catalysts for
direct coal liquefaction of Rawhide sub-bituminous coal has been tested. Throughout the
experiments, the molybdenum addition rate was held constant at 100 wppm while the iron
oxide addition rate was varied from 0.25 to 1.0 weight percent (dry coal basis). This
report covers the 1994 operations and accomplishments.

Obijective

The objective of this project taken from the Statement of Work (DE-AC22-
94PC94051) is to test advanced and novel slurry phase catalysts for direct coal
liquefaction. These novel slurry phase catalysts were developed in other DOE sponsored
research programs. The properties of the catalysts are presented in Table 1. A number of
such catalysts have shown initial promise in laboratory-scale research, typically by
experimentation in small batch autoclaves. The efficacy and application of these catalysts
is expected to be strongly dependent upon the process steps and overall configuration
envisioned for a particular liquefaction process. The most favorable catalysts and relevant
approaches must be evaluated in a continuous flow bench-scale facility in order to define
and verify the steady-state product yield structures in response to operating parameters
and process changes.

In order to help guide the research effort a set of goals was targeted. A summary
of the major project goals as listed in DOE’s Statement of Work is presented below:

Demonstrate mechanical operability of continuous bench unit.

Verify suitability of system design, including use of plug flow reactors.
Define suitable catalyst screening conditions.

Test three iron catalysts.

Test two molybdenum catalysts.

Conduct limited optimization studies.

Obtain mass and elemental balances for chosen data periods.

Define product yield structures for chosen data periods.



Table 1
Properties of Slurry Catalysts

Particle Size,  Surface Bulk Physical Form  Composition
Catalyst Microns Area, Density, wt %
m?/g g/em’

NANOCAT® Superfine Iron 0.003 250 0.05 Reddish-brown 100 %

Oxide (SFIO) powder Fe,0;

Bayferrox PK 5210 Technical 0.020 123 n/a Reddish-brown 100 %

Iron Oxide powder Fe,0,

Bailey Iron Oxide 96 wt%<44 n/a n/a Reddish-brown 100 %
powder Fe,03

MOLYVAN L, Molybdenum n/a n/a 1.08 Dark green 8.1 % Mo

containing lubricant liquid

MOLYVAN A, Molybdenum 5t010 na 1.58 Yellow-orange  30.0 % Mo

containing powder powder

Ammonium heptamolybdate n/a n/a 2.50 White powder  54.3 % Mo

Process Overview and Simplified Process Flow Plan

The Recycle Coal Liquefaction Unit (RCLU) is located at the Exxon Research and
Development Labs in Baton Rouge, Louisiana. RCLU is a highly automated, highly
instrumented pilot plant designed to process 34 kg (75 Ibs.) of coal per day. It has
redundant computer control and data acquisition systems allowing for efficient trouble
shooting, data analysis and material balance calculations. Over the years, RCLU has been
re-configured many times to meet specific data requirements for coal and heavy
hydrocarbon conversion. Hence, RCLU is versatile and easy to re-configure. RCLU has
been a very reliable tool in the past, with many runs over 1000 continuous hours. An
overview of the process is described below and a simplified process flow plan is presented
in Figure 1. ‘

Slurry Mixing

In this process, coal, make-up catalysts, recycle solvent and recycle bottoms are
prepared in 6 to 8 hour batches in the mix tank to form a homogeneous feed slurry. The
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equipment in the slurry mix area are the mix tank, spared recirculation pumps, the
coal/bottoms bin and the solvent tank. The mix tank is totally enclosed to prevent dust

and vapors from entering the process streams. The slurry temperature is typically held
around 135- 143 °C (275-290 °F) to ensure an easily pumpable slurry. The pressure is
held at atmospheric or slightly above during non-charging periods. However, a vacuum
can be drawn on the solvent tank to aid during feed charging. The tank is equipped with a
mixer to mix the coal, bottoms, solvent and catalyst. The feed slurry is further mixed by
the recirculation pump.

Slurry Feed

The slurry feed section is used to provide continuous slurry flow to the liquefaction
reactors. The major equipment in the area include the feed tank, spared recirculation
pumps, and high pressure feed pumps. Periodically, the feed tank is charged with a fresh
batch of slurry from the mix tank. The slurry is continuously mixed and recirculated to
ensure a homogeneous slurry in the feed tank. The high pressure pumps are used to pump
a slip-stream of slurry from the recirculation loop to the liquefaction reactors. Typical
holding tank operating conditions are 135- 143 °C (275-290 °F) and atmospheric pressure.

Liquefaction Reactors

The liquefaction reactor system consists of a pretreater and two reactors in series and
their associated sandbaths. The pretreater consists of two or three 25 mm (1”) ¢ 316
stainless steel pipes and each reactor consists of four or six 25 mm (1”) ¢ 316 stainless
steel pipes. The reactor pipes are 1.22 m (4 ft) in length and are connected by 9.5 mm
(3/8”) ¢ 316 stainless steel tubing. The reactors operate in an upflow mode and are
capable of having interstage hydrogen addition. The sandbaths are electrically heated and
are used to control the reactor temperatures.

The slurry is pumped from the feed tank to the pretreater at a rate of 3.6 to 5.5 kg/hr
(8 to 12 Ibs/hr). The purpose of the pretreater is to activate the catalyst by sulfiding the
iron oxide. The catalyst is activated by treat gas containing 10 volume percent H,S in H,.
The activated slurry leaving the pretreater is blended with pure H, treat gas before it is fed
to the first stage reactor. Most of the coal is converted to liquid hydrocarbons and gas via
a combination of thermal and catalytic processes in the two liquefaction reactors.

The residence time within the pretreater and each reactor'can be varied by varying
slurry feed rate or by varying the number of reactor pipes in each sandbath. The nominal
residence time of the pretreater ranges from 20 to 30 minutes while the nominal residence
time of each reactor ranges from 40 to 55 minutes. The pretreater and liquefaction
reactors operate at 17.2 Mpa (2500 psig). The pretreater operates between 296 - 302 °C
(565 - 575 °F) while the liquefaction reactors operate between 427 - 454 °C (800 - 850
°F). A slight exotherm exists in the first two tubes of the first stage reactor. Otherwise,
the reactors operate close to isothermal operation and have minimal pressure drop.
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High Pressure Separations

RCLU uses high pressure separation vessels to separate the heaviest fraction of the
reactor product from the lighter fraction. The high pressure separations consist of both
hot and cold separators operating at slightly below reactor pressure. The hot separator is
used to split the reactor effluent into two streams; an overhead stream consisting of gases,
water and light oil and an underflow stream consisting of heavy oil and mineral matter.
The overhead stream from the hot separator passes through two heat exchangers before
entering the cold separator. The exchangers cool the stream, thus condensing some of the
light oils which are captured in the cold separator. The hot separator underflow stream
proceeds to the bottoms stripper where it is stripped with the offgas from the cold
separator. The cold separator underflow stream proceeds to fractionation.

Bottoms Stripping

The bottoms stripper separates nominally 1000-°F- hydrocarbons from heavier
hydrocarbons and mineral matter (bottoms). Bottoms are periodically withdrawn into a
bucket and allowed to cool and solidify. The bottoms is then crushed and a fraction is
recycled to the mix tank. The overhead gas and the stripped hydrocarbons are cooled
before going to fractionation.

Fractionation

The cold separator underflow stream and the bottoms stripper overhead stream are
combined in the fractionator feed surge tank. The product gas passes through several
flowmeters before the stream is released to the flare vent. A slipstream of the gas is sent
to an online process gas chromatograph (GC) system after the flowmeters. The GC
system samples the product gas continuously and analyzes the stream for H,, H;O, CO,
CO,, Ny, H3S, 0,, Cy, Cy, C;, Cs and Cs+. The information from the product gas
flowmeters and GC system are used to develop daily online material balance closures and
later for the complete data workup.

The liquid is pumped from the fractionator feed surge tank to a preheater before it
is fed to the fractionator. The fractionator is designed to split the nominally 1000 °F-
stream into two components, solvent (also called VGO) and light oil (naphtha/distillate).
The heavier component has an initial boiling point (IBP) between 550 °F and 650 °F
depending upon tower temperatures. The lighter component has a Cs IBP. The tower
underflow stream is periodically removed and partially recycled to the mix tank. The

overhead stream is condensed, refluxed and periodically removed.

_Operations Synopsis

Operations were initiated in August, 1994 following a period of about 2 months of
equipment modifications, pressure testing and instrument calibrations. During the period
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of August 7, 1994 to October 29, 1994, twenty-four yield periods were successfully
completed. Below is a synopsis of the pilot plant operations.

Typically, the ash content of the recycle bottoms stream provides a good indication
of coal conversion level. As the coal conversion levels off the unit approaches steady state
operations. The analytical tests for bottoms ash content showed that the first set of yields
periods were not at steady state. Since the analytical ash tests cannot be conducted daily,
screening ash tests were used to determine if the operations were near steady state.
However, the initial screening tests were inaccurate and needed to be revised because of
incomplete ashing. The revised screening ash tests gave similar results to the analytical
ash tests.

During the third balance of condition 1 (YP411) the feed tank scale malfunctioned.

The coal slurry feed rates were calculated from the mix tank weights because of the
problems with the feed tank scale. The measured material balance was poor for this
period. However, the other data was more than adequate for reliable data reconciliation.

Molyvan A was used for conditions 2A, 2B and 3 because Molyvan L was not
available. The operations for condition 2A were smooth.

Several computer boards went bad during condition 2B after completing the
second yield period (YP416). The control programs were not operating for several hours,
but the boards were changed in time to avoid shutting down the unit. The conditions were
allowed to stabilize for 30 hours before collecting data for the third yield period of
condition 2B (YP418).

A slight tuning problem with the first stage reactor temperature was experienced
during condition 3. The temperature profile was sinusoidal with swings of 2.8 °C (5 °F).
The controls were re-tuned before condition 4 to reduce the temperature swings.

The first stage reactor heaters were shutdown temporarily during the third yield
period of condition 4 (YP424) due to a low pressure alarm. The low pressure alarm was
set off by plugged lines. Once the lines were unplugged the heater operations returned to
normal. However, the average reactor temperature was 2.8 °C (5 °F) low for YP424.
Otherwise operations were smooth for condition 4.

During condition 5, the first stage reactor thermocouple relays went bad. The
thermocouples were reading 2.8 °C (5 °F) low during the first two yield periods of
condition 5 (YP425 & YP426). The average sand bath temperatures were substituted for
the average reactor tube temperatures of YP425 & YP426. After the thermocouple relays
were replaced, the difference between the average sand bath and the average reactor tube
temperatures was within 0.3 °C (0.5 °F) for the remaining yield periods (YP427-YP433).

One of the two dry test meters that measures the product off gas rate gave

inaccurate readings for condition 6 and subsequently was taken out of service before
condition 7. Therefore, the product off gas rate was based only on one dry test meter
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rather than the average of two. The yield periods for condition 6 were collected before
approaching steady state because of the limited supply of Mach 1 catalyst.

The second dry test meter became unreliable during condition 7. A restriction in
the second dry test meter caused a high pressure drop across the flow meter.
Consequently, the upstream roots meter was adversely affected by this high pressure drop.
The roots meter gave an erroneously low reading for the product off gas rate because it
did not correct the flow rate for the higher pressure condition. Since the feed gas and
product gas rates were nearly constant for the previous two conditions the product off gas
rate for condition7 was approximated based on the product off gas rates for conditions 5
& 6. The approximations were fairly good since the reconciliation program made only
slight adjustments to the product off gas rates.

Material Balancing and Analyses Procedures

Material balances are based on a 24 hour operating period at constant conditions.
Ideally, the conditions are at or near steady state before a yield period (material balance
period) is initiated. There is a compromise between the number of conditions and the
approach to steady state for a given amount of operating time. For these experiments,
some approach to steady state was sacrificed for maximizing the number of operating
conditions. The yield periods were initiated when the bottoms conversion started to level
off.

From past experience at Exxon, the ash content of recycle bottoms provides a
good indication of coal conversion level with known feed coal ash content. In typical
bottoms recycle pilot plant operations, the ash content of the recycle bottoms are
monitored daily in a screening test. The final ash content in the recycle bottoms is
conducted by the analytical labs several weeks later. The procedure for both tests are
essentially the same. The main differences are that the analytical tests are automated and
use a different purge gas. The ash content of bottoms are measured in duplicate by
combustion of small samples of bottoms at 950°C for at least three hours. The average
ash content of bottoms and known feed coal ash content are input to a computer model
with an equation built in assuming 100% ash balance. The model calculates DAF coal
conversions and data are plotted daily to monitor the trend of new conditions vs. the
previous conditions. In a typical case, a significant change in the coal conversion is
observed in the first few days after starting a new condition. The coal conversion
gradually levels off in about 3-5 days after the change to the new condition. The yield
periods are initiated when the bottoms ash content begins to level off. The screening tests
compare well with the analytical lab tests. :

Material balances are conducted after a yield period is complete. RCLU utilizes two
levels of material balancing. The first level is on-line material balancing and the second
level is material balancing that utilizes data reconciliation techniques. The on-line material
balances are often completed within 24 hours after the end of the yield period. They are
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used to guide unit operations, identify data acquisition problems, and provide preliminary
product yields leading to the determination of subsequent run conditions.

The raw data and process variables of each yield period are stored in the RCLU
computer system. The on-line material balancing program retrieves these raw data from
the RCLU computer system along with input data from unit engineers to calculate the
overall material balance, DAF coal conversion, hydrogen consumption, and gaseous and
distillate yields for each yield period. The input data from unit engineers include moisture
and ash contents of feed coal, and percents of 1000°F" material in the recycle solvent and
1000°F material in the recycle bottoms. In order to cross-check the data, balances and
yields are calculated using three different slurry feed bases. If balances are poor or yields
deviate substantially from the expected then the weights and analyses are re-checked for
errors. If no errors are found, an investigation is initiated to determine possible unit
material losses and/or errors in data acquisition.

The second level of material balancing utilizes the results of the on-line material
balances as well as elemental analyses of each feed and product stream, and simulated
distillation by gas chromatography (GCD) analyses of hydrocarbon streams. The
reconciled balances are usually not finalized until at least three weeks after the end of a
given yield period. Reconciled balances are considered the finalized results and are the
results most often reported. Once finalized, reconciled results are used to compare the
effects of process variables and/or catalysts on product yields and product distribution.

In order to reconcile the data, a mainframe computer program which utilizes
geometric programming techniques is used to adjust the data to comply with a set of
constraint equations. The objective of data reconciliation is to legitimately adjust data
values to balance elemental weights of feed and product streams. Data is therefore
adjusted by taking into account the reliability of each data measurement. Those variables
which have poor reliability are preferentially changed in order to achieve data consistency.
Neither the constraint equations nor variable reliabilities are changed from yield period to
yield period.

Data reconciliation is an iterative procedure that is designed to be used only when
"as-measured" balances are good. Typically, data reconciliation requires that the total
material balances are between 98 and 102%. However, material balances between 95 and
102% are tolerable. If the balances do not meet the above criterion, the data is re-
analyzed for obvious errors and suspect samples are resubmitted-for analyses.

Data from any single reconciled yield period should not be used in data
comparisons due to operational variations. Rather, the results from several yield periods

(23 ) at one condition should be used for comparison purposes.
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Eight conditions were tested during the 1994 operations, covering the impact of
solvent to coal ratio, time-temperature trade off, and type and make-up rate of iron oxide
The molybdenum make-up -rate remained constant
However, the source of molybdenum was varied.
summary of the operating conditions are presented in Table 3. Three 24 hour balances
(yield periods) were performed at each condition. A summary of the reconciled yields and
overall conversion are presented in Table 4. The values shown in Tables 3 & 4 are the

catalyst as shown in Table 2.
throughout the experiments.

Results and Discussion

average values at each condition.

Table 2
Summary of Experimental Design

Yield
Condition Comment Periods of
Interest
1 Initial conditions. 409-411
2A Reduced solvent to coal ratio compared with initial 412-414
conditions.
2B Reduced H2S treat rate compared with conditions 1 and 415, 416,
2A. 418
3 Increased first stage reactor temperature and increased — 419-421
mass flow rate compared with previous conditions.
4 Switched from Bailey iron oxide to Bayferrox PK5210  422-424
iron oxide catalyst.
5 Reduced iron oxide addition rate from 1.0 to 0.25 wt% on  425-427
dry coal.
6 Switched from Bayferrox PK5210 to Mach 1-Nanocat  428-430
SFIO catalyst.
7 Switched from organic to inorganic source for  431-433

molybdenum catalyst and switched back to Bayferrox
PK5210 iron oxide.
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Table 3
Summary of Test Conditions

Condition  Fe,0; Fe;03 Mo  S/C:B/C H;SasS NRT, Reactor Temperatur
Type wt % Type wt% min. 1*°C(°F) 2™ °C (°F)

1 Bailey 1.03 Org. 1.07:0.85 58 49 430.6 450.6
(807.0) (843.0)

2A Bailey 099 Org. 0.94:0.71 6.0 53 431.1 451.1
(808.0) (844.0)

2B Bailey 1.00 Org. 0.90:0.75 27 50 4313 4493
(808.3) (840.7)

3 Bailey 1.02 Org. 0.95:0.79 34 41 4413 450.0
(826.3) (842.0)

4 Bayferrox 1.00 Org. 0.94:0.76 33 41 439.3 449.6
(822.7) (841.3)

5 Bayferrox 0.25 Org. 0.91:0.80 3.0 41 441.5 450.6
(826.7)  (843.0)

6 Mach 1 026 Org. 0091:0.83 3.1 42 440.9 450.4
(825.7) ~ (842.7)

7 Bayferrox 0.26 1Inor. 0.98:0.85 3.1 41 440.9 450.0
(825.7)  (842.0)

Table 4

Summary of Reconciled Yields and Conversion,

(wt% Based on Dry Ash-Free Coal)

Condition Yield Period H, Ci-Cs  Cs-350 350-650 650-1000 Conversion
1 409-411 -6.12 15.34 14.48 33.93 9.06 88.56
2A 412-414 -6.11 14.51 13.54 32.55 13.57 89.26
2B 415-418 -5.77 13.69 12.86 31.35 14.87 88.60
3 419-421 -5.76 13.31 12.30 29.61 14.59 86.88
4 422-424 -5.43 12.48 12.71 31.33 13.70 85.62
h) 425-427 -5.76 14.08 12.24 31.22 13.54 87.01
6 428-430 -5.46 12.82 11.66 30.69 14.67 85.19
7 431-433 -5.65 12.61 12.27 32.14 12.57 85.74
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General Observations

In general, catalyst changes had very small impact on performance. Of all of the
changes tested, one process change, reducing the recycle ratio had the most striking
impact. Apparently, recycle ratio has more impact on performance than catalyst over the
range of the tests. It may be that the constant addition of 100 wppm molybdenum is
masking other changes, such as type and amount of iron catalyst addition rate.

Discussions with PETC have indicated to us that the constant molybdenum addition rate
was specified based on results at Wilsonville.

Reduced Recycle

The impact of reduced recycle is shown by comparing condition 1 with 2A. The
total recycle was reduced from 1.92 to 1.65 on dry ash free (DAF) coal. The result was a
significant shift towards a heavier product slate, and higher conversion.

Reduced Sulfur Addition Rate

The impact of reduced sulfur addition rate is shown by comparing condition 2A.
and 2B. The result was a small reduction in gas yields and hydrogen consumption. No
other statistically significant changes were observed. While statistically significant, a small
systematic error in the feed gas or product gas sulfur content may have clouded the data.
Thus our interpretation of the test result is that the reduction in sulfur had no significant

impact on yields or conversion.

Increased Stage 1 Temperature and Mass Velocigg‘

The impact of increasing the first stage reactor temperature and the mass velocity
can be seen by comparing condition 3 with 2B. Conversion and liquid yields dropped.
Conversion went from 88.60 to 86.88 wt % on DAF coal. Cs-1000°F dropped from 59.1
to 56.5 wt% DAF coal. The temperature and mass velocity were increased to make the
impact of a better catalyst easier to detect.

Changed Iron Oxide Catalyst

The impact of iron catalyst type, Bailey vs. Bayferrox is shown by comparing
conditions 3 and 4. There was an unintended drop in the first stage reactor temperature of
about 2 °C during condition 4, otherwise, conditions were held nominally constant.
Conversion, gas yield, and hydrogen consumption all dropped significantly. As with all of
these tests, the molybdenum addition rate was held steady at 100 wppm on dry coal.
Liquid yields held their own and gas selectivity (100 x C; to Cq yield/total conversion)
decreased. Directionally this seems to indicate that an improved iron catalyst could lead

to a more selective liquefaction process.
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Reduced Iron Oxide Addition Rate

The impact of reducing the iron oxide addition rate from 1.0 to 0.25 wt% DAF
coal is shown by comparing condition 4 and 5. The temperature control was improved
during condition 5, resulting in an apparent increase of 2 °C in the first reactor stage
temperature. The most notable changes were a significant increase in conversion, gas
yield, and hydrogen consumption. Conversion increased from 85.62 to 87.01 wt%, C; to
C, increased from 12.48 to 14.08, and hydrogen consumption increased from 5.43 to 5.76
wt % on DAF coal, all statistically significant. Liquid yields remained steady. Notionally,
the small increase in temperature may have contributed to the small but significant increase
in conversion, while the reduction in catalyst may have lead to the deterioration in
gas/liquid selectivity (100 x C, to C4/C; to 1000 °F).

Changed Iron Oxide Catalyst

The impact of iron catalyst type, Bayferrox vs. Mach 1 are shown by comparing
conditions 5 vs. 6. The results were small, but significant drops in conversion, C, to Cs,

and hydrogen consumption. Conversion dropped from 87.0 to 85.2 wt% DATF coal, while
Cs to 537.7°C (1000°F) liquid yields held steady at 57.0 wt % on DAF coal.

Changed Molybdenum Source

The impact of changing the Molybdenum source from Organic, Molybdenum Van
L, to inorganic, ammonium heptamolybdate is shown by comparing conditions 5 and 7.
The change resulted in a significant drop in conversion, from 87.0 to 85.7, and lower C, to
C,4 from 14.1 to 12.6. Even though conversion and gas yields dropped in going from the
organic to the inorganic molybdenum source, selectivity to liquids improved.
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Introduction

The Advanced Concepts Program was initiated by the Department of Energy in 1991 to promote
the development of new and emerging technology concepts that have the potential, alone or in
combination, to significantly reduce the cost of producing liquid fuels by the direct liquefaction of
coal. Among other efforts, the advanced 2-stage liquefaction technologies that were developed at
Wilsonville over the past 10 years and by the former Hyrocarbon Research Inc., HRI (now
Hydrocarbon Technology Inc., HTT) have contributed significantly toward decreasing the cost of
producing gasoline from coal. However, given the low cost of petroleum crude, direct liquefaction
is still not an economically viable process. The DoE objectives are to further reduce the cost of
coal liquefaction to a more competitive level. The approach has been to develop a long term
strategy, in which certain promising liquefaction concepts, that have been identified mainly through
fundamental studies, are subjected to technical and economic evaluation on a progressively
increasing scale of experimentation, and with progressive integration into a complete process
configuration. At each stage, depending upon their merit, research on any particular concept may
be continued, modified or abandoned.

One of the contracts awarded under this program has involved a collaborative research and
development effort between the University of Kentucky Center for Applied Energy Research
(CAER), CONSOL, Inc., LDP Associates and SANDIA National Laboratories, beginning in
August 1991. The project has involved two principal stages: the evaluation of individual process
concepts, followed by the integrated testing of those concepts that were judged to warrant further _
investigation. The results obtained in each of these stages have been reported to this meeting (1,2).
In both stages, individual and integrated concepts were tested and assessed in small-scale
laboratory experiments. In a future phase of the research, it is intended that the more promising
concepts will be subjected to more detailed testing in a larger-scale continuous unit.

In this project, the primary focus is on the use of low-rank coal feedstocks. A particular strength is
the use of process-derived liquids rather than model compound solvents. Although this stratagem
has created some difficulties in experimental operation and in the interpretation of data, it has lent
additional credibility to the results.

The original concepts are illustrated in Figure 1, where they are shown on a schematic of the
Wilsonville pilot plant operation. Wilsonville operating data have been used to define a base case
scenario using run #263J, and Wilsonville process materials have been used in experimental work.
The CAER has investigated: low severity CO pretreatment of coal for oxygen rejection, increasing
coal reactivity and inhibiting the propensity for regressive reactions; the application of more active,
low-cost, Fe and Mo dispersed catalysts; and the possible use of fluid coking for solids rejection,
and to generate an overhead product for recycle. CONSOL has investigated: oil agglomeration for
coal ash rejection, for the possible rejection of ash in the recycled resid, and for catalyst addition
and recovery; and distillate dewaxing to remove naphthenes and paraffins, and to generate an
improved quality feed for recycle distillate hydrogenation. At Sandia, research has been concerned
with the production of active hydrogen donor distillate solvent fractions, produced by the
hydrogenation of dewaxed distillates and by fluid coking, via low severity reaction with
H3/CO/H20 mixtures, using hydrous metal oxide and other catalysts. The technical and economic

evaluation of the experimental data, and the impact on liquefaction process economics was made by
LDP Associates.

For reasons that have been described in the Final Technical Report for this project, the concepts of
low severity coal pretreatment and fluid coking were found not to offer sufficient incentives for
continued work. The remaining concepts are still considered to be viable prospects for reducing
the cost of coal liquids and have formed the basis of a proposal for continued development in a
second phase project. The current status of these concepts is described in this paper.



Dispersed Catalyst Development

It has been shown that suitable dispersed catalysts can enhance the rate and extent of conversion of
both subbituminous and bituminous coals, and that their presence is essential to the continuous
processing of low-rank coals. A successful demonstration of the liquefaction of a low-rank coal in
a continuous operation was achieved at Wilsonville in Runs 263J, when operating in a “thermal-
catalytic mode with the addition of a dispersed Fe + Mo catalyst to the first stage. However, the
high cost of the molybdenum catalyst precursor used in that run (Molyvan L), combined with the
fact that the catalyst is ultimately purged from the system, creates a considerable incentive to
identify lower cost catalysts with comparable activity. In this research, efforts at the CAER have
been directed to improving the activity of iron-based catalysts through the co-addition of Mo or
other metals, while attempting to minimize catalyst cost. Two basic approaches were employed: the
impregnation of the catalyst precursor on the feed coal, and the introduction of the catalyst in the
form of nanometer size particles.

Development of Standard Microautoclave Tests

In order to relate the performance of the experimental systems to the base case, it became necessary
to develop a standard laboratory scale test that could be used to compare different catalysts and
other concepts with the base case. Since the base case operated with a process generated recycle
solvent, it was decided to use a similar solvent in order to closely simulate the conditionsinRun |
263J. The recycle solvent contained about equal parts of 566°C- distillate and 566°C+ resid, along
with about 20% recycled solids consisting of approximately equal parts of unconverted coal and
mineral matter. A significant amount of the iron and molybdenum catalysts had accumulated in this
stream and were present as pyrrhotite and molybdenum sulfide, respectively. The first challenge in

developing a representative test was to understand how the solvents behaved and affected coal
liquefaction.

Liquefaction of Black Thunder Wyodak coal in the microautoclaves consistently gave
tetrahydrofuran (THF) conversions in excess of 100%, suggesting that the insoluble organic matter
(IOM) in the recycle solvent was solubilized during reaction. It was eventually found that the
solvent contained an easily converted THF insoluble fraction, and it became apparent that this same
situation also held for other Wilsonville solvents that were evaluated.

Another difficulty with plant-derived recycle solvents was the presence of the recycled catalyst.
The contribution of these background catalysts to the overall reaction did not become apparent until
other results were obtained using solvents from different Wilsonville runs. The conversion of
Black Thunder Wyodak coal in solvents that contained recycled Mo, in addition to the Fe that was
present in all these solvents, was always significantly greater than in solvents which contained only
iron. The activity of the background Mo was very high and masked the activity of freshly added
catalysts, complicating efforts to develop a simulated 1st-stage catalyst screening test.

Standard test conditions to simulated the first stage resid conversior in microautoclaves were
defined as 440°C for 22 min with 1000 psig cold hydrogen. The solvent to coal ratio was the same
as used in Run 2637, namely 2.33 parts of solvent to 1.0 part of dry coal. However, it is to be
noted that the 566°C+ resid conversion was actually higher than observed at Wilsonville. The resid
conversion values obtained under the test conditions, with the 1 wt % Fe;O3 and 100 ppm Mo (as
Molyvan L) base case catalyst, as used in Run 263J, was 30-32 wt %, versus a target value of 24
wt %. The significant activity of the recycled Mo became apparent when using a Mo-free recycle
solvent (V-131B) from Run 258K, which gave resid conversions of only 17-18 wt %. The same
results also showed quite clearly that the activity of the recycled iron (pyrrhotite) was considerably
less than that of the Mo component. Further, equivalent resid conversions could only be achieved
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with fresh Mo catalyst by adding twice the amount of metal that was present in the recycle solvent.
In all these cases, fresh iron as iron oxide was added with the Mo. It was later found that the
activity of freshly added Mo was considerably enhanced in the absence of any fresh iron, or as
finally realized, was actually less inhibited. Although the inhibiting effect of iron has not been
widely studied, the present results suggest that iron oxide, sulfate and nitrate can all inhibit the Mo
activity while pyrrhotite has a negligible effect.

Impregnated Catalysts

The development of the base case (see later) showed that the cost of the dispersed Fe + Mo catalyst
used in Run 263 is quite substantial. Most of this cost can be attributed to the cost of the Mo
precursor, Molyvan L, which is an oil-soluble molybdenum organophosphorodithioate. A
considerable amount of effort was thus directed towards identifying lower cost Mo precursors that
could be added to the coal by impregnation as water-soluble salts, thereby eliminating the need for
expensive oil-soluble catalyst precursors. A range of catalyst impregnated coals was prepared with
impregnated Fe and Mo salts, alone and in combination. The outcome of this research showed that,
for the Fe-Mo system, the catalyst concentration is the most important variable with respect to
determining catalyst activity. It was also found that the metals could be impregnated on as little as
10% of the coal and perform just as well as if they were dispersed over the whole coal. This
approach has been referred to as the Vector impregnation method, and it can offer a number of
economic and technical advantages: less water is added with consequently less of an energy burden
for subsequent drying; the amount of coal handling for the catalyst impregnation step is greatly
reduced; and the technique allows more flexibility in plant design. The effectiveness of the Vector
method also points to the fact that the catalyst must function primarily through the solvent phase,
rather than act directly on the coal.

The addition of Fe and Mo as ferrous sulfate and ammonium molybdate by catalyst impregnation,
at the same concentrations as in the base case, can substantially reduce the cost of the dispersed
catalyst from ~$2.60/bbl gasoline to ~$1.10/bbl gasoline. More than half of the remaining catalyst
cost (~$0.60/bbl gasoline) is attributable to the addition of the ferrous sulfate that was used. For
this reason, attention was then given to the possibility of either eliminating or reducing the
concentration of iron. As already mentioned, in the first-stage screening test, the activity of freshly
added Mo was clearly improved in the absence of added Fe. In fact, the level of activity upon the
addition of 500 ppm of impregnated Mo was found to approach that of the highly active recycled
Mo at 450 ppm, although it must be stated that the two systems were not strictly comparable.
Assuming then that Mo alone will give a performance equivalent to that of the Fe-Mo catalyst at the
same Mo concentration, the cost of the dispersed catalyst can be further reduced to about
~$0.40/bbl gasoline, which is even less than the cost of the iron oxide in the base case.

Another interesting outcome of this project was to establish that the activity of the dispersed Mo
catalysts is promoted by the presence of small amounts of nickel, as is already known for
supported NiMo catalysts, where the Ni is believed to inhibit the growth of Mo crystallites. Co-
impregnating coal with Ni and Mo, both in the presence and absence of Fe, repeatedly gave higher
coal conversions while continuing to give resid conversions and distillate yields that were equal to
those obtained in the Ni-free system. Since the influence of Ni in increasing conversion is similar
to the effect of Fe, it may be possible to substitute Ni for Fe at a considerably lower concentration
and reduced cost. For most of the catalysts that were tested, the Mo/Ni molar ratio was 4/1. The
cost of adding this level of Ni to 100 ppm Mo, with no added Fe, would be only $0.03/bbl
gasoline, which is still less than the cost of the 1% iron oxide used in the base case.
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Sulfated Hematites

The second family of catalysts that was investigated was small particle sulfated hematites that are
prepared by the base precipitation of solutions of iron salts. Other researchers have reported that
particulate sulfated-hematites, as well as various metal promoted ones, can be exceptionally active
in coal liquefaction. Other potential advantages of using this form of catalyst is that high
dispersions can be achieved and maintained during processing. A series of sulfated hematites was
prepared and tested in this project. The results were somewhat scattered, with no obvious pattern.

Some catalysts exhibited exceptional activity, and others produced resid conversions that were
significantly less than obtained in the base case.

A preliminary process and economic evaluation for the preparation of this type of catalyst showed
that the cost of a Mo-promoted hematite, used at a level equivalent to the Fe and Mo concentrations
in the base case, and with a distillate product yield equal to that of the base case, would cost about
~$1.90/bbl gasoline. Reducing the Fe content by half while maintaining the same 100 ppm Mo
level decreases the cost of the catalyst to ~$1.20/bbl gasoline. Additional process benefits that
could be derived from using these catalyst could further reduce that cost. Based upon the positive
results that have been observed in this work and elsewhere, it is considered that this approach
deserves further attention.

Solvent Quality Improvement: Distillate Dewaxing/Hydrogenation

Solvent dewaxing was examined by CONSOL as a means of improving coal liquefaction
economics through solvent quality upgrading. Coal liquids, and subbituminous coal liquids in
particular, contain a paraffinic wax component. Because of their relative inertness, paraffins tend
to concentrate in the recycle solvent over time. These aliphatic materials dilute the hydrogen
donors in the process recycle solvent, and are poor physical solvents for the coal reaction products.
Therefore, they can impair the dissolution and upgrading of low rank coals. The purpose of
dewaxing is to remove these paraffinic materials from the recycle distillate in the coal liquefaction
process, as their presence is detrimental to solvent quality. The removal of the paraffins as a wax
stream reduces the burden on the reactors to crack them to light distillate products, with the
economic advantage that the reduced reactor burden may translate into higher reactor throughput.
The ggsd production and hydrogen consumption that must accompany the paraffin cracking are thus
avoi

Three dewaxing schemes were evaluated for potential use in removing the wax from the recycle
solvent. The features and benefits of each of these dewaxing routes are summarized below.

Ketone Dewaxing

In ketone dewaxing, which is a commercially proven technology, all or part of the heavy distillate
stream is dewaxed in a ketone-based solvent. The extent of dewaxing is readily controlled by the
choice of conditions. The dewaxed distillate is then recycled, either directly or after
hydrogenation, to the first stage liquefaction reactor. The wax product may be purified and sold as
a high-value by-product, or it could be converted to product distillate in an fluid catalytic cracking
(FCC) unit.

Ketone dewaxing of the Wilsonville Run 262E V-1074 heavy distillate was tested with acetone,
methyl ethyl ketone (MEK), toluene and various mixtures of these at temperatures from -35 °C to 0
°C. The degree of dewaxing was found to be a function of solvent composition and temperature.
It was found that the solvent quality of the dewaxed distillate improved rapidly with dewaxing up
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to ~20 wt % wax removal and then levelled off. The effect of the improved solvent quality on
Black Thunder coal liquefaction was to increase the coal conversion from 87 wt % to 90 wt %
when dewaxed distillate was substituted for the untreated distillate in the Wilsonville Run 262E
solvent (5-min microautoclave tests at 824 °F, 1.5 S/C, 1500 psig of cold Hy). However, some of
this increase may be due to the higher proportion of H-donors to coal, since the same overall
solvent to coal ratio was used in microautoclave tests with the original and dewaxed solvents. It
was also found that hydrogenation of the dewaxed distillate at SANDIA further improved coal
conversion to 91 wt %.

A clean wax by-product, similar to commercial petroleum based waxes, is produced by de-oiling
the slack wax that is removed from coal-derived distillate. The slack wax properties indicate that it
should be an excellent feedstock to produce high yields of light products in an FCC unit.

There are several advantages of improving the recycle distillate solvent quality. An increase in
single pass coal conversion from 87 to 91 wt % could result in about a 6 wt % decrease in rejected
organics and a similarly improved product yield. Other prospective advantages of improved solvent
quality are that it could allow operation at lower severity conditions than in the base case (lower
temperature, pressure, residence time) while maintaining current levels of performance.
Alternately, it could facilitate operation at higher severity conditions by countering retrograde
reactions (increases in coal conversion of ~4 wt % were obtained at reaction temperatures that were
~30°C higher than in the base case) and improve thronghput. Economic benefits can also be gained
from either the sale of the clean by-product wax, or the increased distillate yield that is obtained
upon cracking the crude wax. -

Liquid Extraction Dewaxi

An alternative to ketone dewaxing is the process of liquid extraction using N-methylpyrrolidone
(NMP), furfural or similar selective solvents. This is also a commercially proven technology that is
used for the removal of aromatics from paraffinic lube oils but not for paraffin removal from
aromatic-rich distillates.

In laboratory experiments, NMP and furfural were used at ambient temperatures to extract the
aromatics from the heavy distillate fraction of the recycle solvent. It was found that the slack wax
yield is greater (>40 wt % vs ~20 wt %), but the wax is of lower quality than that from ketone
dewaxing. The extracted material is also more aromatic than the ketone dewaxed distillate (~30%
aromatic hydrogen vs ~20%), and it is difficult to completely remove the extraction solvent. In
terms of solvent quality, the aromatic fraction performs similarly to the feed distillate. However,
hl);ghrpgenation of the aromatic fraction, which should be facile, is expected to improve solvent
quakhity.

The advantage of liquid extraction is that it can be conducted at moderately elevated temperatures
(40 - 90°C) and atmospheric pressure. The process operating costs have been estimated by LDP
Associates to be lower than those of ketone dewaxing. It is considered that, with subsequent
hydrogenation of the dewaxed distillate, coal conversion improvements should be similar to those
obtained by ketone dewaxing plus hydrogenation, with similar associated cost benefits.
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Thermal Dewaxing

Thermal dewaxing presents a third possible route to solvent quality improvement. In this process,
all or part of heavy distillate stream is heated to elevated temperatures for a short time to
preferentially thermally crack paraffins and naphthenes. The light cracked product is removed as
net product and the aromatic-rich heavy distillate is recycled to the liquefaction reactor with or
without prior hydrogenation.

Thermal dewaxing was tested by heating the heavy distillate to over 480°C for five minutes.
Significant findings are: the dewaxed oil yield was ~75 wt % and the gas yield was <5 wt % at
495°C, and lower; the dewaxed material was more aromatic than most ketone dewaxed distillates
(~25% aromatic protons in 495°C dewaxed distillate); and hydrogenating the dewaxed (495°C)
distillate produced an improved liquefaction solvent (Black Thunder coal conversion increased by
2 wt % when this hydrogenated thermally dewaxed distillate was substituted for untreated distillate
in recycle solvent).

The advantages of this approach are that: it involves a very simple process flow sheet; the process
is the same as the "satcracking" process developed by the British Coal Corporation; and it should
be easy to demonstrate in bench-scale continuous unit. The net outcome is that waxes are converted
to distillable oils and gases, and a highly aromatic distillate is produced that should be readily
hydrogenated (in a separate hydrogenation reactor or in the first stage liquefaction reactor) to *
produce a superior donor solvent with similar benefits to those demonstrated for the other
dewaxing methods.

Agglomeration and Coal Cleaning

Coal agglomeration has been studied by CONSOL as a potential means of mineral matter rejection
and catalyst incorporation with the goal of improving liquefaction economics by increasing yields
and lowering catalyst requirements. A specific advantage is that the agglomerating oil is process-
derived. Several agglomeration scenarios are presented to summarize this work. These scenarios
include: agglomeration at natural pH; agglomeration of low-rank coal at natural pH, after
pretreatment; agglomeration of low-rank coal at low pH; and splitting the feed coal, based on ash
content, for liquefaction and gasification.

There are three basic issues to be addressed in developing agglomeration as an integrated

component of a coal liquefaction process: the agglomeration performance at a given set of
conditions; the cost of agglomeration at those conditions; and the liquefaction benefit and economic
value of the agglomeration.

The first of these can be answered by a number of definitive laboratory experiments, the results of
which are described below. The latter two issues deal more directly with development and scale-

up of the process, and will be addressed more specifically in the proposed second phase of the
project.

Agglomeration at Natural pH
It has been shown that coals ranging in rank from lignite through bituminous can be reduced in ash
content by up to two thirds. This performance can be achieved under the following conditions:

natural pH or minor adjustment to pH =6-8; an oil dosage of ca. 15 to 35%; 50-65 °C; and a coal
slurry concentration of 20-43%.
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The process can use sour water, whose low pH may enhance ash rejection for some coals. Any
dissolved salts in the separated water could be fed to a gasifier of the Texaco type. All organics,
most iron, and any pre-impregnated catalyst are retained with the coal. Hence, if this is deemed to
be advantageous, catalyst can be added to the coal or part of the coal by impregnation before coal
cleaning by oil agglomeration. Also, when using sour water, some silica and ~50% of the sodium

is rejected from low-rank coals. In no case is there any loss of coal reactivity.

The advantages of coal cleaning by oil agglomeration are: coal can be recovered following any
aqueous pretreatment procedure; the lower ash content feed reduces slurry viscosity and can allow
a reduction in solvent/coal ratio, or a higher rate of ashy recycle and reduction in the size of the
ROSE-SR unit. Increasing the amount of the ashy recycle stream has another advantage in that
more of the disposable catalyst will also be recycled, reducing the make-up of fresh catalyst. The
dissolution of salts when using sour water may also lower the exposure of the second stage
supported catalyst to poisons (especially the Na present in low-rank coals), resulting in lower
catalyst replacement rate.

In one process scenario, coal is slurried with waste sour water from liquefaction and recycled
water, and agglomerated with process-derived heavy distillate. The agglomerates are rinsed over
screens, blown with air to remove surface moisture, and sent to liquefaction. Additional drying
prior to liquefaction is optional and depends on other factors (i.e., it is not a requirement of
agglomeration). A slipstream of the agglomerate rinse water with ash is used to slurry ash concen-
trate and coal for Texaco gasification. The remaining agglomerate rinse water with ash is treated to
remove solids, and then recycled for slurrying coal and rinsing agglomerates. Any additional
water requirement would be met by gasification sour water, and any excess agglomeration waste
water would go to water treatment. Because liquefaction is a net producer of water, both from coal
drying, and from hydrogenation, it is anticipated that there will be an adequate water supply for
agglomeration. The cost of water use and treatment will be minimized by using waste streams
wherever possible.

As noted, in addition to cleaning untreated coal, oil agglomeration is well suited to the recovery of
coal from any aqueous coal pretreatment step. It has been demonstrated that ash can be rejected
following CO-H, O-pretreatment, and after two types of catalyst impregnation.

This concept differs from that of untreated coal recovery by agglomeration at natural pH in that
aqueous coal slurry from a pretreatment step is agglomerated, instead of using sour water to slurry
the coal. The concept is not restricted to any particular pretreatment. Sour water might be useable
in the pretreatment and agglomeration steps.

Agglomeration of Low-Rank Coal at Low pH

By using low pH conditions, it has been shown that coals ranging in rank from lignite through
subbituminous can be reduced in ash content by up to three quarters. This performance can be
achieved under the following conditions: pH of 1 or 2 adjusted using H,SO4; an oil dosage of 21
to 54%; 50°C; and a coal slurry concentration of 20 to 43%. The use of sour water could be of
benefit as its low pH may reduce the acid requirement. As with the process using sour water only,
any dissolved salts in the separated water can be fed to a Texaco gasifier. All organics, and most
iron are retained with the coal. A pre-impregnated catalyst may also be retained although this has
yet to be confirmed. Some silica and ~90% of the Na, K, Ca, Mg are rejected from low-rank
coals, and there is no loss of coal reactivity due to cleaning.
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The advantages of coal cleaning by oil agglomeration at low pH are essentially the same as already
described for oil agglomeration at natural pH.

Solittine of Feed Coal Quality for Liquefaction and Gasificat

The potential for physical cleaning of several coals (Black Thunder, Burning Star 2, and Martin
Lake) was assessed by float/sink tests, and by column flotation (Black Thunder only).

Segregation of the feed coal into a lower ash cleaned coal product that can be fed to liquefaction
and a higher ash reject that can be gasified to produce hydrogen was shown to be a potentially
attractive option to improve liquefaction economics: both ash and inert macerals are concentrated in
the intended gasifier feed, while the lower ash content, more reactive coal is liquefied.

Economic and Technical Assessment

A basis for the technical and economic assessment of the experimental results obtained with the
new process concepts was developed from the technical data for the Wilsonville pilot plant

operation, material balance period #263], Figure 1. During Wilsonville Runs #262 & 263, the pilot
plant operated in the so—called hybrid (“thermal” - catalytic) mode with Black Thunder
subbituminous coal, and with dispersed iron and molybdenum catalysts added to the first reaction
stage and a supported nickel-molybdenum catalyst in the second-stage reactor.

An all-distillate product base case was formulated in which resid extinction was achieved in the
system via a reduction in reactor space velocities, assuming first order reaction kinetics. It was
anticipated that the distillates produced from liquefaction experiments in the present program might
differ from those obtained at Wilsonville during Run#263J. As a result, all liquefaction distillates
are assumed to be upgraded to a common basis (all-gasoline finished product) so that consistent
comparisons are assured.

The base case conceptual commercial plant is a facility located at a mine-mouth Wyoming location.
The hydrogen needed for liquefaction is generated by water slurry gasification of ash concentrate
from the ROSE unit and of fresh coal. Light hydrocarbon gases produced during liquefaction and
upgrading are used to close the fuel gas balance. Any excess gas is used to generate hydrogen via
the steam reforming process. It is assumed that the electricity needed to operate the plant can be
purchased from a nearby utility power plant. The capital and operating cost estimates for the Base
case were developed using the relevant portions of previous liquefaction plant studies, as well as
in-house information.

The base case plant converts 17,929 t/d of Black Thunder coal (dry.basis) into 68,100 bbl/d of
gasoline product. An additional 5,204 t/d of coal is gasified in order to meet hydrogen
requirements. Overall coal conversion is 92%. The per pass conversion of resid plus IOM in the
first and second stage reactors is approximately 23.5% and 18%, respectively. A high process
solvent to coal ratio of 2.33 is employed since significant quantities of both IOM and ash are
recirculated. Recycled ash is approximately 3.3 times the quantity of ash rejected from the process
via the ash concentrate. The ash recirculation rate results in a 3.3 concentration effect for both the
Mo and Fe dispersed catalysts. As a result, the effective concentration of Mo on coal to
liquefaction is approximately 450 ppm at the Base case fresh addition level of 100 ppm.

A once-through first stage reactor design has been assumed. Four reactor trains in parallel are
required to process the 17,929 t/d of coal. The first stage reactor is refractory lined in order to

maximize the cross sectional area per reactor. Reactor gas rates were determined based on the
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estimated average reactor partial pressures which existed during Wilsonville Run #263J and the
recycle hydrogen gas purity. Actual reactor residence times and space velocities were also based
on estimates from the Run #263J operation with appropriate corrections for the required resid plus
IOM conversion level. Organic rejection (i.e. resid, insoluble organic material or IOM, and
deashing solvent) from the liquefaction process amounts to 14.5% on a dry coal basis.

Significant investment cost areas include the liquefaction reaction system, vacuum fractionation
system, the hydrogen recovery and recycle system, the makeup hydrogen generation system and
the upgrading system. The hydrogen production system represents the dominant investment cost.
Offsite unit investment costs are widely distributed among the various units. Working capital,
start-up costs and the costs of initial catalyst and chemicals adds an additional 10% to the total
capital requirement of $3.842 billion. Assuming a capital charge factor of 15%, the annualized
capital costs are $26.45 per barrel of gasoline product.

Total operating costs are approximately $20/bbl of gasoline product inclusive of a $1/bbl. credit for
ammonia, sulfur and phenol byproducts. The significance of liquefaction system additives and
purchased electrical power costs and the relative insignificance of coal cost is noteworthy.
Liquefaction additives costs are approximately $5.20/bbl. of gasoline, with the iron and
molybdenum dispersed catalysts accounting for more than half of this total. Coal costs are low
because of the low $5/ton, wet mine-mouth price for Black Thunder coal. On this basis, assuming
a capital charge factor of 15%, the Base case required gasoline product selling price is $46.46/bbl.
[Note. The price is quoted for gasoline and not crude oil equivalent.]

Case Analyses of Selected Advanced Concepts

The base case data has been used by LDP ASSOCIATES to evaluate the impact of three of the
concepts that have been under investigation, and to develop a modified base case. Laboratory scale
experimental data has been evaluated to determine the prospective gains in terms of increased
gdroduct yield per unit of coal feed, and reduced solvent recycle rate and liquefaction system

ditive costs.

As pointed out in the base case the cost of dispersed iron and molybdenum catalysts accounts for
almost $3/bbL. of the gasoline product selling price. A significant portion of this cost results from
the use of an expensive molybdenum source, the oil soluble Molyvan L. At $3.20/Ib. and an 8.1
wt.% molybdenum concentration, the cost per pound of Mo is $39.50. By using a molybdenum
salt such as ammonium octamolybdate (available in tonnage quantities), the raw material cost per
pound of Mo could be reduced to $7.30. Even with the additional processing costs for preparing
the salt solution, impregnating a small portion of the feed coal to liquefaction, and driving off the
extra water added to the coal, the cost of the impregnated Mo is still only about 25% of the cost of
using Molyvan L. Further, when using a water-soluble Mo source in this way, the cost drops
below the cost of using particulate iron oxide at the base case dosage level of 1 wt.% Fe on dry
coal. Therefore, unless dispersed iron catalysts in conjunction with Mo confer a level of catalytic
activity that is not attainable with Mo alone, the use of Fe is questionable. Other advantages can be
anticipated if this proves to be the case: using iron at a 1 wt.% level adds to the ash in the
liquefaction system and increases the organic rejection due to the assumed constant solids content
of the ash concentrate. For the purposes of this assessment, the addition of the iron catalyst was
assumed to be unnecessary.



3il Agel ton at Low ol

The experimental results indicate that the oil agglomeration at low pH can remove approximately
50% of the ash in Black Thunder coal. The reduction of ash in the feed coal will reduce organic
rejection during solids separation thereby increasing the potential product yield. It will also reduce
the ash recirculation rate within the process while still maintaining the same catalyst recycle
enhancement factor as in the base case. In effect, front end ash removal purges useless inerts from
the system. Through oil agglomeration at low pH, potential supported catalyst poisons, such as
calcium, sodium, magnesium and potassium are also removed. For this assessment it has been

assumed that the second stage reactor supported catalyst replacement rate can be reduced by 30%.

The oil agglomeration process is well-suited for the preparation of the feed coal: distillate recycle
solvent can be used as the agglomerating agent; sour water can be used as make-up water to the
system; and the slurry reject of solids and dissolved salts can be utilized in the gasification slurry
mixing systems. In fact, the dissolved salts may even act as catalysts in the gasification process.
Of course, the use of oil agglomeration will add capital and operating costs to the overall process.
The capital cost for low pH oil agglomeration is expected to be approximately $60 million, and the
cost of the sulfuric acid could also be significant.

Distillate Solvent Quality & .

It is proposed that three process steps will be used to treat the waxy distillate recycle solvent:
solvent extraction, solvent dewaxing and hydrotreating. In combination, these processes
effectively remove and recover the waxy material from the distillate solvent and enhance its donor
solvent capabilities. Both solvent extraction and solvent dewaxing are commercial processes used
in the petroleum refining industry.

The objectives of applying these three processes are: to reduce the distillate solvent recycle while
improving its quality; to recover a valuable by-product wax; and to increased the potential product
yield via coal conversion improvement. Itis estimated that the wax yield is 4 wt % on coal.
However, this wax accumulates in the distillate recycle solvent until the rate of its removal by
cracking is equal to its production rate. Based on the Wilsonville Run#263 data, the wax
concentration in the distillate recycle solvent is estimated to be approximately 24 wt %. Therefore,
the removal of a substantial portion of the wax significantly reduces the distillate solvent recycle
rate. The wax that is removed and recovered has a current estimated selling price (34¢/1b.), more
than double that of gasoline. The ability of the wax market to absorb the significant quantity of wax
produced by a commercial size plant is a key consideration.

The solvent extraction process is used upstream of the solvent dewaxing process as a means of
significantly reducing the feed rate to, and therefore the cost of, the much more expensive solvent
dewaxing process. In the solvent extraction process, a solvent such.as furfural or NMP, is used to
absorb aromatics from the feed stream. The paraffinic wax is not absorbed and passes through the
unit. For the modified base case, approximately 70% of the distillate solvent feed to the extraction
unit is absorbed, thereby reducing the solvent dewaxing unit feedrate by a factor of 3. In the
solvent dewaxing process, the paraffinic wax is separated from the feed stream by chilling,
precipitation and filtration in the presence of a suitable solvent such as MEK. When wax
production is desired, a three stage filtration system is used. In addition, a wax finishing step is
also required.

Conventional fixed bed hydrotreating is used to make the final improvement in distillate solvent
quality. For the modified base case, a single train system operating at conditions favorable for
hydrogenation of the aromatics (340 to 400°C & 1800 psig) is anticipated. It is also assumed that
full dewaxing and hydrotreating of the distillate recycle solvent will improve coal conversion by 3
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percentage points. Such an improvement further increases the potential product yield and reduces
the IOM recycle rate.

The benefits of reduced feed ash and improved coal conversion are evident. While the solids
concentration in the ash concentrate remains the same, organic rejection is reduced to 8.5% on dry
coal. Atthe same time, the recycle solvent rate is reduced by 20% because the removal of the wax,
lower feed ash and higher coal conversion. The recirculation of the Mo catalyst remains at the
same 3.3 factor as in the base case. In order to achieve the higher product yield, the required per
pass resid plus IOM conversion increases in both reaction stages. Since reaction temperatures are
not changed, this increased conversion is achieved by reducing the space velocity (predicted by
first order kinetics) by approximately 15% versus the base case. Although reactor space velocities
are lower, this is partially offset by the lower recycle rate, such that the reactor volume, and hence
cost, is only slightly increased.

In this configuration the gasoline production rate increases by 4.5%, while a significant quantity of
the valuable wax by-product is also produced, and the C4+ product yield increases to greater than
65 wt % on dry coal. Hydrogen consumption increases in proportion to the increased production
rate. Because of the significant decrease in organic rejection, additional gasification of coalis  *
required to close the hydrogen balance. The total electrical power requirement for the modified
base case increases by approximately 12% due to increased gasification quantities and the
requirements of the added units.

Process unit investment increases by $432 million due to the added units and the increased
gasification requirements, and total capital required increases by $520 million over the base case.
The net operating costs drop by approximately $140 million/year due to the lower liquefaction
system additive costs and the significant impact of by-product wax revenue. If a 15% capital
charge factor is used, the required gasoline product selling price is $41.82/bbl or $4.64/bbl lower
than in the base case.
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PROJECT OVERVIEW AND INTRODUCTION:

The efforts in this project are directed toward three areas: (1) novel catalyst (supported and
unsupported) research and development, (2) study and optimization of major operating parameters
(specifically pressure), and (3) coal/waste coprocessing.

The novel catalyst research and development activity has involved testing supported catalysts,
dispersed catalysts, and use of catalyst testing units to investigate the effects of operating parameters
(the second area) with both supported and unsupported catalysts. Several supported catalysts were
tested in a simulated first stage coal liquefaction application at 404°C during this performance
period. A Ni-Mo hydrous titanate catalyst on an Amocat support prepared by Sandia National
Laboratories was tested. Other baseline experiments using AO-60 and Amocat, both Ni-Mo/Al,O;
supported catalysts, were also made. These experiments were short duration (approximately 12
days) and monitored the initial activity of the'catalysts. The results of these tests indicate that the
Sandia catalyst performed as well as the commercially prepared catalysts. Future tests are planned
with other Sandia preparations. The dispersed catalysts tested include sulfated iron oxide, Bayferrox
iron oxide (iron oxide from Miles, Inc.), and Bailey iron oxide (micronized iron oxide from Bailey,
Inc.). The effects of space velocity, temperature, and solvent-to-coal ratio on coal liquefaction
activity with the dispersed catalysts were investigated. A comparison of the coal liquefaction
activity of these catalysts relative to iron catalysts tested earlier, including FeOOH-impregnated coal,
was made. :

The potential for reducing pressure in coal liquefaction using various combinations of dispersed
catalysts and donor solvents are being investigated. To date, the efforts have focused on
microautoclave experiments. The results of the microautoclave efforts are reported in the

“Liquefaction Chemistry and Kinetics: Hydrogen Utilization Studies” project discussion. Future
plans are to extend the microautoclave efforts to semi-batch and continuous tests.

As part of the U.S. Department of Energy (DOE) Fossil Energy program, the Pittsburgh Energy
Technology Center (PETC) recently initiated research in coal waste coprocessing. The objective of
this project is to explore and facilitate development of processes that will economically convert, into
liquid fuel feedstock, a combination of any or all of the following; coal, rubber, plastics, heavy oil,
waste oil, and paper. The effort to date has centered on the combined processing of coal and heavy
oil (coal-oil coprocessing), coal and plastics, and a smaller effort with coal and rubber. The initial
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effort with coal and plastics has focused on the reactivity of coal/plastics mixtures and the operability
of processes that utilize these feedstocks. This paper summarizes the coal/waste coprocessing
efforts. The early stages of this work have been presented at a Symposium at the American
Chemical Society National Meeting' and recently at the Ninth Annual Consortium for Fossil Energy
Technical Meeting?.

EXPERIMENTAL SECTION

Materials Liquefaction experiments were conducted with -200-mesh Black Thunder mine coal
(Wyodak-Anderson seam, Campbell County, WY). High-density polyethylene (PE), melting point
135°C, density 0.96 g/mL, was manufactured by Solvay Polymers. Polystyrene (PS), melting point
95°C, was manufactured by BASF. Poly(ethylene terephthalate) (PET), melting point 215 C, density
1.4 g/mL, was manufactured by Hoescht Celanese as IMPET EKX-105. All plastics were supplied
to PETC by HTI, formerly HRI, as 3.2-mm (1/8-in) extrudates. A mildly hydrogenated (9%
hydrogen) fluid catalytic cracking (FCC) decant oil, obtained as the 340-510°C (650-950 °F) fraction
from run POC-1 on the proof-of-concept coal liquefaction unit at HTI, was used as a vehicle in the
coal-waste coprocessing experiments. Aged Akzo AO-60 Ni-Mo/Al,0O; catalyst was obtained from
run POC-1 at HTIL. .
Reactions  Microautoclave reactions were conducted in 42-mL cylindrical, stainless-steel batch
reactors constructed at PETC. The base conditions of the reactions were 2:1 hydrogenated FCC
decant oil vehicle : coal-plastics mixture, one hour at 430°C, 7 MPa (1000 psi) cold hydrogen gas
pressure, and 0.6 g aged Akzo AO-60 catalyst, although variations in time, temperature, and catalyst
composition were also made. During workup, the reactor contents were sonicated in tetrahydrofuran
(THF) for 30 minutes and subsequently filtered through a 0.45-micron filter under 40 psi nitrogen
gas pressure. The THF soluble material was stripped of solvent on a rotary evaporator and
re-extracted with heptane to produce a heptane soluble fraction. Conversion was calculated from
the measured mass of insolubles adjusted for catalyst and coal mineral matter, based on the mass of
plastic and MAF coal. The mass of the catalyst was also adjusted for the presence of entrained oil
in the material as determined in a separate extraction step. The PE and PET plastics showed no
significant solubility in either THF or heptane under the workup conditions used. PS did show
appreciable solubility in THF, rendering those conversion calculations meaningless.

Semi-batch (batch slurry, flow-through gas) reactions were performed in a 1-L stirred-tank reactor
system. The feed charge consisted of 350 g of slurry that typically consisted of a 2:1 ratio of
vehicle:feed with 30 g aged AO-60 catalyst. The experiments were done at temperatures of 430-
460°C under 17.5 MPa (2500 psi) hydrogen gas pressure flowing at a rate of 1.9 L/min (4 SCF/h).
The products were characterized in terms of gas yield and composition, solubility in heptane and
THF, and 450°C conversion [conversion of all material distilling above 450° C (850°F), including
MAF coal, plastics, and 450°C+ oil, to material distilling below 450°C].

Continuous mode catalytic liquefaction experiments were conducted in a computer controlled 1-L
bench-scale unit. The unit is a once-through system without recycle. A typical charge consisted of
a vehicle:feed mixture of 70/30 at an overall slurry feed rate of 146 g/h. The catalyst, 35 g of aged
AO-60, was contained in an annular basket surrounding the stirrer to simulate the action in an



ebullated bed. The coprocessing experiments were done at reactor temperatures of 400-460°C under
17.5 MPa (2500 psi) of 2 97% H, / 3% H,S gas mixture flowing at a rate of 2.4 L/min (5 SCF/h).
The products were characterized by distillation into three fractions - those boiling below 340°C
(650°F), between 340-450°C (650°F-850°F), and above 450°C (850°F).

Gas Analyses Microautoclave reactor gas samples were collected at the completion of each
run. Hydrogen consumption was calculated, based on the difference between initial and final (cold)
gas pressure as adjusted for product gas composition. Semi-batch unit gas samples were collected

once during the run (tail gas), and at its completion (flash gas). Hydrogen consumption was

calculated based on the assumption that the tail gas sample was representative of the gas make
throughout the run.

Viscosity Measurements  Viscosity measurements were made to obtain data on feed mixtures
in support of continuous unit operations. These measurements were conducted on a CANNON
Model MV 8000 rotational viscometer equipped with an optional heating jacket and spindle capable
of measuring viscosities as high as 500,000 cP at temperatures up to 260°C. The sample holder was
loaded with 10.5 mL of material and tests were conducted over the temperature range corresponding
to actual operating conditions. Viscosities were also measured over a series of sheer rates, again,
corresponding to unit operating conditions. Regressions indicated that the oil-coal-plastics mixtures
are well represented as power law fluids, i.e. viscosity is proportional to shear rate raised to some
power.

RESULTS AND DISCUSSION

Feed Slurry Rheology Studies The rheological properties of the feed slurry for coprocessing
will be a significant factor in determining the pumpability and feed system requirements (e.g.,

pressure drop) of the sturry. Measurements of viscosity and flow properties will be used to develop
a database to compare the feed requirements of systems using different types of hydrocarbon wastes.

The effect of plastic component type on viscosity was evaluated with HRI-L800 (a hydrotreated
decant oil obtained from HTI, Inc.) oil as the solvent. Three major components were investigated:
high density polyethylene (HDPE), polystyrene (PS), and polyethylene terephthalate (PET).

Figure 1 shows the effect of component type (including a commingled plastic mixture of 50%
HDPE, 35% PS, and 15% PET) on slurry viscosity. The HDPE resulted in the highest viscosity, and
the viscosity of the commingled system was intermediate between that of the HDPE and the PS
systems. PET was not successfully tested, since it was not possible to obtain a single phase mixture
with PET and oil. To successfully use PET a second plastic component, either PS or HDPE, has
been required. It is unclear whether a synergy is observed with the commingled system with respect
to viscosity. However, it is clear that a benefit is observed with the commingled system with respect
to being able to obtain a single phase containing PET.

Figure 2 presents the effect of varying the relative amounts of coal and the commingled plastics

mixture while maintaining a 70/30 oil-to-solids ratio. The HTI oil and Black Thunder (BT)
subbituminous coal were used with the plastics mixture (HTI oil/BT/plastics) in these measurements.
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As shown in Figure 2, increasing the plastics content at the expense of the coal results in higher

slurry viscosities. Figure 3 shows the effect of commingled plastics addition in the oil/plastics (no
coal) system. As expected, the viscosity increases with increasing plastics content.

In separate tests, no significant difference was observed between BT and Illinois No. 6 coal.
However, there did appear to be a dependence of viscosity on solvent type. Differences were
observed between use of North Slope ATB, Wilsonville V-1074 heavy distillate, and the HRI L-800
oil.

From continuous experiments that were conducted on the PETC bench-scale liquefaction units, two
observations were made regarding the needs for pumping slurries containing plastics. The high
viscosity of the mixture requires high temperature and head pressure during pumping. However, if
the viscosity becomes too low and the feed rate is low, settling of the suspended coal becomes
significant and plugging will occur.

Waste Coprocessing Reactivity Studies  Microautoclave studies were conducted to determine
the conditions required to convert the plastics, especially HDPE. At 430°C both PS and PET were
easily converted to heptane soluble products. However, no significant conversion of HDPE was_
observed at this condition. Table I summarizes the results of the microautoclave tests. For the most
part, the conversions observed in mixed plastics with coal systems indicated that the plastics were

compatible with coal. There was one exception, however; it appears that the presence of coal (and

in several cases an aromatic solvent) inhibited the conversion of HDPE. Only at higher temperatures
was significant HDPE conversion observed in the presence of coal.

Experiments were also made with semi-batch reactors. For the most part, the observations from
microautoclave experiments were also evident in the semi-batch reactors. The difficulty of
converting HDPE was also observed in the semi-batch reactors.

Two separate continuous experiments (with 9 run conditions) on coal/waste coprocessing (over 100
hours) were successfully conducted on one of the PETC bench-scale units with Black Thunder
subbituminous coal and commingled plastic. The major accomplishments of these experiments were
determining the proper operating envelope for processing coal/waste slurries and confirming high
HDPE conversion. In selecting the proper feed temperature, both high and low viscosity effects
(refer to Task 1) had to be addressed. The catalyst used in the continuous tests was a supported
NiMo on alumina, AO-60. It is worth noting that HDPE conversion was observed at elevated
temperature with a hydrogenation catalyst (and no specific cracking catalyst). Table II summarizes
the conditions used for the continuous experiments.

POC-Scale and Bench-Scale Coprocessing Product Analysis The HTI POC-2 (a proof of
concept run of coal/waste coprocessing at HT1, Inc.) and CMSL-08 (a bench-scale test of coal/waste
coprocessing at HTI, Inc.) samples have been subjected to an extensive suite of analytical
techniques, with the goals of determining (1) what is the fate of the plastic materials; (2) how the
presence of plastics and coal affects the processing of each of these components; and (3) whether the
traditional measurements of process efficiency, such as conversion, are applicable to mixed
coal-waste systems. Analyses include low voltage high-resolution mass spectrometry (LVHRMS),



nuclear magnetic resonance (NMR), infrared spectroscopy (IR), potentiometric titration, and electron
paramagnetic resonance (EPR) spectroscopy.

Low-voltage, High-resolution Mass Spectrometry LVHRMS results were obtained from POC-2
samples SP-3 (naphtha stabilized bottoms), SP-4 (atmospheric still bottoms), and SP-5 (vacuum still

overhead) samples for run periods 36(coal-only), 43(coal+plastic), and 45(coal+rubber). The data
follow a logical progression of increasing average molecular weight and degree of condensation and
decreasing hydrogen-to-carbon ratio, as the sampling points varied from SP-3 (naphtha stabilized
bottoms) to SP-4 (atmospheric still bottoms) to SP-5 (vacuum still overhead). The three SP-3
samples ranged in average molecular weight from 130 to 170, while the three SP-4 samples ranged
from 195 to 215 and the three SP-5 from 220 to 230.

The most dramatic observation from the LVHRMS data is a dominant C,-benzene peak in the
spectrum of SP-3, period 43. This peak is more than twice as intense as the next most prevalent
signal. It is attributed to ethylbenzene from depolymerization and hydrogenation of polystyrene in
the plastics mix. The assignment is supported by analogous results from coupled gas
chromatography - mass spectrometry analysis.

[ ]
Nuclear Magnetic Resonance Spectroscopy NMR spectra were obtained for the SP-3 (naphtha
stabilized bottoms), SP-4 (atmospheric still bottoms), and SP-5 (vacuum still overhead) samples for
run periods 36, 43, and 45.

For a given run period, carbon aromaticity follows the sequence SP-3 < SP-4 < SP-5. In fact, the
correlation is strong enough that none of the SP-5 samples has a carbon aromaticity less than any
of the SP-4 samples, none of which exhibit carbon aromaticities less than any of the SP-3 samples.
This is consistent with expectations of increased aromaticity as the distillation cuts become heavier.
Within a given sample point, the carbon aromaticity always increases (or stays the same) in the order
period 36 < period 45 < period 43. This is more likely related to the aromatic products of PS and
PET plastic degradation, and to the presence of hydrogenated decant oil added as make up solvent
in the coprocessing run periods.

Fourier Transform Infrared Spectroscopy ~ FTIR spectra were recorded of the SP-27 (ROSE
bottoms) product from periods 36 and 43. The results provide strong evidence of polyethylene in

the ROSE bottoms product. The period 43 sample showed polyethylene aliphatic C-H and CH,
bands at 2910, 2850, 1460 and 720 cm™. Based on period 43 results alone, it was not clear whether
the bands were due to polyethylene or waxy material from the coal. However, these bands were
much less prevalent in the period 36 product. A difference spectrum between the period 43 and 36
samples compared very well with the major bands in a neat polyethylene sample. These data do not
indicate how much of the polyethylene is being removed, or whether the polyethylene that was
removed had undergone any cracking. However, they do indicate that at least some of the
polyethylene is not converting and is being removed in the ROSE extraction step.

SUMMARY AND CONCLUSIONS

Individually, plastics degrade as reported in the literature, and products rapidly hydrogenate to
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saturation. HDPE generally requires more severe conditions for conversion to solubles than either
PS or PET. The traditional solvent extraction methods for evaluating coal conversion are not
particularly appropriate for plastics. The feed PS was found to be soluble in THF. It is quite
possible that in cases where no HDPE conversion was observed (by THF solubility analysis) that,
in fact, the HDPE chain was broken down, just not sufficiently for solvent extraction.

Less hydrogen may be required to produce saturated products from plastics (if gas production can
be minimized), since the average waste plastic stream is less aromatic than coal. However, under
traditional liquefaction conditions, each C-C bond scission still consumes one molecule of H,,
because any olefinic products formed as a result of depolymerization rapidly hydrogenate to

saturates. This is particularly true with PE, which tends to degrade randomly along the polymer
chain.

In the two-component and multicomponent microautoclave tests, THF solubles could be reasonably
well predicted from the behavior of the individual components under similar conditions. However,
the heptane solubles were greater than that predicted by the assumption of individual behavior. This
may be indicative of some type of synergistic behavior in coliquefaction of coal with plastics.
Further work in this area will be done, including investigating the addition of polypropylene.

The viscosity of coal-plastics mixtures increases significantly as the plastics concentration increases.
PE seems to have the greatest influence on viscosity. Higher temperatures were required to pump
the mixture when the composition was raised from 25% to 50% plastics. Control of viscosity by
control of temperature was the key to successful operation of continuous mode coprocessing. Future
investigations in continuous operations of the effect of solvent type and plastics concentrations will
be done.

DISCLAIMER

Reference in this report to any specific commercial product, process, or service is to facilitate
understanding and does not necessarily imply its endorsement or favoring by the United States
Department of Energy.
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TABLE I: SUMMARY OF MICROAUTOCLAVE REACTION CONDITIONS AND RESULTS

12:1 Vehicle:Feed (Vh:F) represented 6.6g vehicle : 3.3g feed; 1:1 VhiF =3.3g vehicle : 3.3g feed; 6.5:1 Vh:F = 6.6g vehicle : 1g feed
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TITLE: Characteristics of Process 0ils from HTI Coal/Plastics
3 Co-Liquefaction Runs

PI (AUTHORS): G. A. Robbins, S. D. Brandes, R. A. Winschel, F. P.
Burke

INSTITUTION/ORGANIZATION: CONSOL Inc., Research and Development Department

CONTRACT NUMBER: DE-AC22-94PC93054

PERIOD OF PERFORMANCE: June 30, 1994 - June 30, 1997

OBJECTIVE: .

The objective of this project is to provide timely analytical support to DOE’s
liguefaction development effort. Specific objectives of the work reported here
are:

. to determine the fate of the plastics feedstocks, relative to coal-only
operation;

. to determine the conversion of the feedstocks;

. to determine the product streams to which the feedstocks are converted

(bottoms vs. distillate);

. to determine interactions of feedstocks;

. to determine how use of plastics feedstocks affect product quality; and

. to determine to what degree property differences reflect feedstock
differences vs. other (process) condition changes, such as unit operations,
space velocity, and catalyst age.

ACCOMPLISHMENTS AND CONCLUSIONS:

Introduction

During a few operating periods of Run POC-2, HTI co-Tiquefied mixed plastics with
coal, and tire rubber with coal. Although steady-state operation was not
achieved during these brief test periods, the results indicated that a Tiquefac-
tion plant could operate with these waste materials as feedstocks. CONSOL
analyzed 65 process stream samples from coal-only and coal/waste portions of the
run. Some results obtained from characterization of samples from Run POC-2
coal/plastics operation are:'

1. Polystyrene (PS) products were identified and quantified in distillate
product oil.

2. Incompletely converted high-density polyethylene (HDPE) was found as
tetrahydrofuran (THF)-insoluble material in the ash-free-resid recycie
stream. It was unclear to what extent this material was present in the
ROSE bottoms stream. Unusual solubility behavior seems to be associated

with HDPE-derived material in resid-containing streams. The broad implica-
tion is that HDPE was not completely converted in the liquefaction process.

3. The unusual presence of a product-oil sediment raised questions about the
stability of the product oil.

5. Analytical issues were identified including how to identify and quantify
HDPE, the appropriateness of coal Tliquefaction work-up procedures to
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coal/plastics liquefaction, and how to measure the extenf of plastics
liquefaction.

Along with the analytical difficulties, the brevity of the coal/plastics
liquefaction period in Run POC-2 prevented these issues from being resolved. To
better evaluate these issues, Run CMSL-8 was performed at a smaller scale and
over a longer period than Run POC-2. There were other differences too, such as
reactor and temperature configuration and the feed coal used. However, the plant
operated in solvent balance, which did not occur during the coal/plastics portion
of Run POC-2. Solvent-balanced operation in Run CMSL-8 meant that samples,
material balances, and performance results from Run CMSL-8 were representative
of operation with the coal/plastics feedstocks. Coal/HDPE liquefaction was
tested in Run CMSL-8, in addition to coal/mixed plastics liquefaction. The
background and results from characterization of Run CMSL-8 process oil samples
is presented below.

HTI Run CMSL-8 Background

A diagram of HTI's bench unit 227 as configured for Run CMSL-8 (also known as Run
227-85) is shown in Figure 1.> CONSOL analyzed feed samples, and samples from
sample points 4 through 7, representing recycle and product streams. The
operating conditions and process performance summary for the run are given in
Table 1. Operating performance was good early in the run, but as the run.
continued, the catalyst age increased, and the concentration of polyethylene in
the feed was increased. The resid conversion decreased as the run progressed.

Several adjustments were made to process conditions after period 16 to maintain

performance and operability. Notable events were: the change from coal opera-

tion in period 6 to 75% coal and 25% mixed plastics prior to period 11; the
increase in second-stage reactor temperature from 830 to 850 _°F, an increase in
first-stage space velocity from 30 to 40 1b dry feed/hr/ft* reactor prior to
period 16; the increase in mixed plastics_concentration to 33%, decrease in space
velocity from 40 to 30 1b dry feed/hr/ft> reactor, and increase in dispersed Mo
catalyst concentration from 100 to 200 ppm, prior to period 20; and, prior to
period 22, the switch from 33% mixed plastics to 33% HDPE. Over the duration of
the run, the supported catalyst reached an age of 966 1b dry feed/1b cat.

Samples received as either period 22 or period 23 samples were considered to

represent material balance period 22.

Analyses Performed

A brief description of the Run CMSL-8 samples and analyses conducted as CONSOL’s
baseline characterization is provided in Table 2. In this paper, the samples
will be referred to by the abbreviations given in Table 2, e.g., SOH for the
product oil, PFL for the recycle liquid, and PFC for the bottoms stream. The
baseline analytical methods can be applied to many different kinds of samples,
can be performed quickly, and have proven to be suitable for liquefaction process
stream characterization. In addition to the routine laboratory analyses, non-
routine characterization (such as FTIR characterization of certain samples) was
performed, based on the Run POC-2 sample experience. Several samples were
selected for specialized analyses, such as plasma desorption mass spectrometry
(PDMS) and field ionization mass spectrometry (FIMS).

SOH Product Characteristics and Effects of On-line Hydrotreating

The separator overheads (SOHs) from periods 6 and 11 through 23 were consistently
low in aromatic hydrogen and high in paraffinic hydrogen content (Figure 2).
There was a small increase in paraffinic hydrogen from periods 16 to 20 to 23
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coincident with increases in the HDPE concentration in the feed (8.75 to 11.5 to
33 wt % dry feed in those periods). There was no change in paraffinic hydrogen
content from period 6 (coal-only) to period 11 (coal/mixed plastics). However,
a substantially lower paraffinic hydrogen content was observed when the on-line
hydrotreater was by-passed in period 9. This indicates that, because of
extensive upgrading in the hydrotreater, the paraffinic hydrogen content of the
SOH may be relatively insensitive to other process changes. The product oil
(SOH) sample from period 9, in which the on-line hydrotreater was by-passed, is
much poorer in quality than the SOHs produced with the hydrotreater in place.
Differences included: medium brown in color vs. colorless, presence of a "coal
1iquid" odor, more aromatic, less paraffinic, and considerably higher phenolic -
OH concentration (Figure 2). The effects of hydroireating observed in this run
were greater than those observed in Run PoC-2." This may be because the
distillate hydrotreated in Run CMSL-8 is a thermal distillate, and the distillate
of Run POC-2 came from a catalytic reactor.

Gas chromatography-mass spectrometry (GC-MS) total ion chromatograms of SOH
samples (Figure 3) show that replacing a portion of the coal with mixed plastics
(from period 6 to period 11) and the switch from mixed plastics to HDPE (from
period 11 to period 22) increased the concentrations of n-paraffins in the SOHs,

and shifted the n-paraffins to higher molecular weight. Thus, HDPE appears to

be an important source of the n-paraffins in the SOHs produced after period 6.,
Two peaks corresponding to ethylbenzene and cumene (isopropylbenzene) are marked
in Figure 3. These components are polystyrene (PS) liquefaction products.
Cumene was not found in the coal-only period SOH, and ethylbenzene was present
at about 1% concentration in the coal-only and coal/HDPE periods 6 and 23.
H-NMR results indicate that PS products persisted in the SOH product from the
coal/HDPE period. In the NMR spectra of the SOHs, ethylbenzene features are
nonexistent in the coal period SOH, quite prominent in the coal/mixed plastics
period SOHs, and observable, but small, in the coal/HDPE period SOH.

The PS products were quantified by GC-MS and 'H-NMR (Table 3). The area of the
ethylbenzene and cumene peaks, as a percentage of the total ion chromatogram was
used to estimate the concentration of these components in the SOHs. The
alkylbenzene concentration of the SOHs was estimated (as ethylbenzene) by
jintegration of the 'H-NMR peak near 7.1 ppm. Based on these estimates,
ethylbenzene and cumene constitute about 8-15 wt % of the coal/mixed plastic
period SOHs (with the HTU in use), less than 1 wt % of the coal/HDPE period SOH,
and about 2 wt % or less of the coal period SOH. When the hydrotreater was by-
passed with the coal/mixed plastics feed, the concentration increased to about
15 to 23 wt % of the SOH. Approximately 50% of the PS fed to the process can be
accounted for as these alkylbenzene products (with the hydrotreater operating).

HDPE in Recycle and Resid Samples ' ’

The PFLs from the coal/plastics periods 11, 16, 20, and 22 contained 15 to
30 wt % THF insolubles. These insolubles were tan with white specks early in the
run and dark brown later in the run. The presence of THF insolubles in the PFL
is a unique feature of coal/plastics processing. PFLs from coal-only operations
(including period 6 of this run) typically contain littie or no THF-insoluble
material. The FTIR spectra of insolubles from coal/plastics periods 11 and 22
were similar and indicated that they are polyethylene-l1ike material (Figure 4).
PFL 850 °F* distillation bottoms from two of three coal/mixed-plastics periods
separated into two solid phases upon cooling; none of the other PFL resids
behaved in this way. The two phases differed in physical characteristics and
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color. Diffuse reflectance FTIR (Figure 4) was used to examine both phases of
one of the resids. The upper phase appeared to be predominantly plastic derived
(much of it PE), and the Tower phase is predominantly coal derived. The spectrum
of the upper brown phase indicated primarily aliphatic hydrocarbons with PE-1ike
features. Aromatic hydrocarbon peaks also were significant, but no features
indicated the presence of heteroatomic functional groups. The spectrum of the
lower black phase showed more intense aromatic hydrocarbon peaks than did the
upper phase, and a significant amount of aliphatic hydrocarbon in the lower
phase, but no distinctive PE-1ike features. The spectrum of the lower phase also
contains prominent peaks from heteroatomic functionality, perhaps N-H and O-H.

Samples of both PFL resid phases, along with other samples from Run CMSL-8, also
were characterized by field-ionization mass spectrometry (FIMS) at SRI Inter-
national.*® The pyrolysis profiles are shown in Figures 5a-b and the FIMS
spectra in Figures 5c-h. Volatilization of each sample was nearly complete. The
pyrolysis profiles show that HDPE pyrolyses to low molecular weight components
at about 430 °C (Figure 5a), and that the THF-insoluble sample from the period 22
PFL is nearly all HDPE (Figure 5b). In the mass spectra, the HDPE pyrolysis
products are lower in molecular weight and generally distinct from the coal-
derived resid components (Figure 5¢c-h). These spectra also confirm the identifi-
cation of the period 22 PFL THF insolubles as nearly pure HDPE (Figure 5c-d), and
show that HDPE is present to varying degrees in the other samples from coal/,
plastic operating periods (Figure 5c-h). The plastic layer (Figure 5g) contains
more HDPE than the corresponding coal layer (Figure 5h). Furthermore, the
odd/even mass ratio is higher for the coal layer, suggesting that it contains
more heteroatomic species. This is consistent with the FTIR results. A simple
quantitation method was tried with the FIMS data (Table 4), and it appears to
work fairly well (to the extent determinable at this stage). This method is
compared with another method below.

In Table 5, the results of two methods for estimating the concentration of HDPE
in liquefaction process streams are compared. In the first method, the THF-

insoluble content of a PFL sample was measured and assumed to be unconverted
HDPE. In the second method, a linear relationship between the HDPE concentration
and the number average molecular weight (M,) determined by FIMS was assumed. The
methods for this limited sample set agree quite well. The FIMS approach offers
the potential to quantify the amount of unconverted HDPE present in the bottoms
(PFC) stream. This would allow a more accurate determination of HDPE conversion
than is presently available.

Conversion of HDPE During Run CMSL-8

CONSOL and others have found indications that high-density polyethylene (HDPE)
is less reactive than coal and other plastics feedstocks toward liquefaction at
conventional liquefaction conditions. Since adequate ‘conversion of HDPE is an
important factor in the development of coal/plastics coprocessing, it is
important to know the conversion of the HDPE during Run CMSL-8 and other coal/
plastics coprocessing runs. Upper limits for both single-pass and overall
conversions of HDPE during Run CMSL-8 were estimated (Table 6). It was assumed
that: 1) the HTI unit was operating at steady-state, 2) that the PFL THF-
insolubles are HDPE, and 3) that there was no unconverted HDPE in the PFC.
During Run CMSL-8, PFL was both the recycle liquid (Figure 1) and a liquid
product. Overall conversion is a measure of fresh HDPE which is not present as
unconverted HDPE in the net products; in overall HDPE conversion, recycled HDPE

is considered an internal stream and does not need to be explicitly accounted



for. The single-pass conversion of HDPE is a measure of the diéappearance of
both the recycled and fresh HDPE fed (recycled HDPE is explicitly accounted for).

The conversion calculations require material balance data for the HTI run
periods,3 and an estimate of the amount of HDPE in the gressure-filter liquid
(PFL). Details of the method used are provided elsewhere.’ These results (Table
6) represent an upper limit for conversion, because the HDPE concentration in the
pressure-filter cake (PFC) product could not be determined. ~The overall
conversion of HDPE ranged from 40-80% during the run (Table 6), lower than the
90-95% coal conversion and 80-85% resid conversion typically observed for coal
liquefaction. The single-pass HDPE conversions averaged around 25%. Both over-
all and single-pass conversions were lowest during period 16, after an increase
in second-stage reactor temperature and space velocity. Measures taken by HTI
to improve performance after period 16, such as reducing the space velocity and
doubling the dispersed Mo catalyst concentration, restored the conversions
observed in period 11. The single-pass HDPE conversion in period 22 was much
higher at about 50%. Measures that HTI took to maintain operability in that
period of the run when HDPE and coal were fed seemed to provide the high single-
pass conversion, and high overall conversion of HDPE.

Conclusions
The major conclusions from characterization of Run CMSL-8 samples are listed,
below.

. PS products are identifiable and quantifiable in the SOH distillate product
from coal/mixed plastics co-Tliquefaction.

. HDPE appears to be an important source of n-paraffins in the SOHs from
coal/plastics co-liquefaction.

. The SOH sample from period 9 in which the on-line hydrotreater was by-
passed was much poorer in quality than the SOHs produced with the hydro-
treater in operation.

. Identification of some PS and polyethylene terephthalate (PET) products in
the SOHs may be masked by highly effective on-1ine hydrotreating. Addition
of a hydrotreater feed sample point, or of more off-line hydrotreater
reference periods may help in identification of plastics liquefaction
components in the SOHs.

. Incompletely converted HDPE constituted 15 to 30 wt % of the PFL recycle
streams, and was found as THF insolubles; virtually no THF insolubles were
present in the coal-only period PFL.

. Phase separation in some PFL distillation resids indicates that HDPE
products have complex phase behavior.

. HDPE conversions were estimated to be ca. 80 % overall, and ca. 25 %
single-pass, and the conversions were responsive to changes in process
conditions. ‘

. THF insolubility is currently the best way to separate HPDE in liquid
samples which contain no other solids.

. FTIR is useful for the identification of HDPE products.

. FIMS allows distinction of coal-derived material and HDPE-derived material
in process stream samples. Quantification of HDPE seems possible using the

FIMS technique, but additional development is needed.
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PLANS:

CONSOL Support to DOE Coal/Plastics Co-Liquefaction Development

We will do similar sample collection, distribution, and characterization work for
future runs. Specialized analyses will supplement baseline characterization
techniques. Additional analytical work, such as method development and evalua-
tion, will be performed, as needed, to address key issues in coal/waste
coprocessing. This will include evaluation of methods for characterization of
plastic liquefaction products. Additional work could include development of
alternative liquefaction work-up schemes to accommodate plastic components which
are not amenable to conventional coal liquefaction work-up schemes. It is
anticipated that at some future point, a distillate product oil from coal/waste
co-liquefaction will be selected by DOE for a full set of product inspection
tests. CONSOL will assist DOE in conducting these tests.
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TABLE 1. RUN CONDITIONS AND PROCESS PERFORMANCE SUMMARY

FOR HTI RUN CMSL-8 (227-85)

velocities; the dispersed catalyst addition rate also was increased from 100 ppm Mo to 200 ppm Mo beginning in Period 19 to

improve process performance.
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Condition 1 2 3 4 5
Period No. 6 11(b) 16 20 2
Hours of Run (End of Period) 144 264 384 480 528
wt % Plastics in Feed (a) V] 25 25 33 a3
Stage 1 Cat. Age, b Feed/lb Cat 252 457 71 884 966
Stage 1 Feed Space Velocity
Ib Feed/hr/it> Reactor Vol. 322 296 39 30.1(c) 29.6
Oils/Solids Ratio 1.5 1.6 1.8 21 1.9
Temperature, °F
Stage 1 810 810 810 810 810
Stage 2 830 830 850 850 850
HTU 715 715 715 715 715
Dispersed Mo Concentration, ppm of
Dry Feed 100 100 100 200(c) 200
Total Material Recovery, % (Gross) 102.2 8.4 96.7 101.2 99.6
Estimated Normalized Yields, wt % MAF Feed
C4-C; in Gases 11.35 9.14 9.02 7.41 517
C,-C; In Gases 4.81 3.27 341 3.17 327
1BP-3560 °F 15.88 20.48 19.00 17.63 880
350-500 °F 17,99 12,57 8.59 11.18 7.60
500-650 °F 21.14 19.85 12.27 16.88 10.72
650-850 °F 10.18 11.84 15.18 11.54 1424
850-975 °F 229 2.94 5.60 4.22 6.43
975 °F 474 10.53 17.15 19.67 33.83
Unconverted Feed 3.90 407 4.50 4.40 422
Water 9.04 734 6.90 592 485
COx 0.67 0.80 0.86 0.57 0.16
NH; 1.50 1.08 1.04 0.82 027
H,S 3.98 2.98 284 2.52 224
Hydrogen Consumption 7.46 6.91 6.35 571 1.80
Process Performance
Feed Conversion, wt % MAF Feed 96.10 85.90 §5.50 95.60 95,80
975 °F* Conversion, wt % MAF Feed 91.40 85.40 78.40 75.90 62.00
C,-975 °F Distillates, wt % MAF Feed 72.30 71.00 64.00 64.40 51.00
Hydrogen Efficlency, Ib Dist/lb H, 9.69 10.27 10.08 11.28 28.33
Feeds:
Hlinois No. 6 Crown Il Mine coal, HDPE, Polystyrene, and PET
Back Pressure: 2500 psig
Catalysts:
K-1: Shell 317 Supported + Dispersed Sulfated Fe/Mo Oxide (100 ppm Mo)
K-2: Only Dispersed Sulfated Fe/Mo Oxide Introduced in Feed to K-1
Hydrotreater: HRI6135 (Criterion C-411 Trilobe)
(8 Conditions 2-4 used a 50/35/15 w/wt % ratio of HDPE/PS/PET; Condition 5 used HDPE alone w/coal.
(b) Although not specifically listed here, in period 9 the on-line hydrotreater (HTU) was by-passed; otherwise conditions were the same
as in period 11.
(c) The t:t:l space velocity was reduced from 40 to 30 beginning in Period 18 as a result of operating difficulties at higher space




TABLE 2.

CONSOL ANALYSES OF SAMPLES
FROM HTI COAL/PLASTICS CO-LIQUEFACTION RUN CMSL-8

Sample Description; Name Periods Technique & Information
(Abbrev.); Sample Point Sought (Refer to Key)
Product Distillate; 6,9,11,16,20,23 A,B,C
Separator Overheads (SOH); if
SP-4
Recycle 0il; 6,11,16,20,22 A,E,F,G;
Pressure Filter Liquid (PFL); THF Extract - B;
SP-6 THF Insols - D;
Dist. - A,B,E;
Resid - G;

Resid THF Extract - A,B,H
Solid Residue; 6,11,16,20,22 G; THF Extract -A,B,H
Pressure Filter Cake (PFC);
SP-7

KEY TO TECHNIQUES AND INFORMATION SOUGHT:

genation), paraffinicity,

special analyses

conversion
= solvent fractionation
composition.

= OHTMTMOoOO™ >
H 0 HNnH

(oils,

hydrogen donors

FTIR in THF solution for phenolic -OH content
GC-MS for composition, carbon numbers of paraffins

asphaltenes,

microautoclave test with standard coal for donor solvent quality
850°F distillation for distillate content

THF extraction and ash for resid, ash and IOM content, for coal and resid

= '"H-NMR for hydrogen distribution (7 classes), aromaticity (degree of hydro-

preasphaltenes) for resid
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TABLE 4. ESTIMATION OF HDPE CONCENTRATION WITH FIMS DATA
FIMS FIMS Estimate of

Sample M,, Da M, Da wt % HDPE® MM,

HDPE 154 558 100 3.6

PFL 22 THFI® 184 662 93 3.6

PFC 22 304 591 66 1.9

PFL 22 329 493 149 (1Y) 1.5

PFL 11 Resid Top Layer 404 627 44 1.6

PFL 11 Resid Bottom 466 580 30 1.2
Layer

THF-Soluble Coal 600 710 - 1.2

Resids®s® |

Note:

(a)

(b)
(c)

FIMS analyses were performed by R. Malhotra, at SRI International.

It was assumed that wt % HDPE is linearly related to M, and that’
M, = 154 Da for 100% HDPE, and M, = 600 Da for 100% coal resid, *®

THFI = THF insolubles. .

It was assumed that M, = 515 Da for the non-HDPE portion of the sample,
rather than 600 Da, as in the other samples. This value was calculated
from 21.1 wt % of the THF-soluble PFL as 850 °F distillate with an assumed
M, = 200 Da, and 78.9 wt % of the THF-soluble PFL as 850 °*F* resid with an
assumed M, = 600 Da.

(d) Value if uncorrected for 850 °F distillate.
TABLE 5. COMPARISON OF METHODS TO ESTIMATE HDPE CONCENTRATION
Estimate of HDPE as THF
Insolubles, wt % of Sample
From Whole Estimate of wt %
Sample Sample From Resid | HOPE, Based on M,
PFL 22 THFI 100 - 93
PFL 22 18.6 15.8 14
PFL 11 Resid Top Layer - - 44
PFL 11 Resid Bottom Layer - - 30
PFL 11 20.0 20.3 23

(a) Calculated from wt % HDPE in each resid layer, the wt % of each layer in

the resid (66.7 wt % top layer, 33.3 wt % bottom layer), and 59.3 wt %
resid in the PFL.



TABLE 6. OVERALL AND SINGLE-PASS CONVERSIONS OF HDPE DURING HTI RUN CMSL-8

wt % HDPE Overall Conversion, Single-Pass
Period in PFL @ % Conversion, % ©®

Using THF insolubles in whole PFL as estimate for HDPE in PFL:

11 20.0 80.7 23.2

16 30.4 44.6 9.1

20 14.5 71.6 26.2

22 18.6 73.9 49.5
Using THF insolubles in PFL resid as estimate for HDPE in PFL:

11 20.3 80.5 22.9

16 37.4 32.0 5.9

20 16.5 - 67.7 22.9

22 15.8 77.8 53.3 1

(a) Assuming that THF insolubles in PFL are unconverted HDPE.
(b) Calculations are described in Reference 7.

STAGE !l OFF GASES

STAGE 1 cow _'—">
- HOT SEP. DISTILLATE LIQUIDS
REDUCING GAS ‘@‘l_» SEPARATOR OVKD
ASOH
> !
I«———»@ STAGE STAGE ATM
K- >

FEED w2 ST

SAMPLE POINT DESCRIPTION OF STREAM @ ' PRESSURE : PFC TO
> Al

1 FEED TANK SLURRY LTER @ STORAGE

2 REACTOR K-1 SLURRY

3 CAS OVERHEADS

4 SOH OR NET DISTILLATES @ PELTO RECYCLE

5 CAS BOTTOMS

6 RECYCLE OIL (pf})

7 SOLID RESIDUE (pfc)

Figure 1. Simplified Plant Diagram for HTI Run CMSL-8.
(Source: Reference 3)

141




- [ ]
£ (@]
£ 8¢
R xRE
B A [ .
Y
m 3 m 8 8 o
B/baw “"INOD HO- DITONIHd © B 3 )
© v ¢ o N - S 3~ =
o o o o o o o & 821 fon
1 } 1 _ ] { i m mmml\mu“ “ |.
Ros m .um.u.‘.H. * “.
v 8¢  S—RArs: 82
x £ i s
5 B : 1 s :
g m cnw . Lad u Lod m -
T - 3 ° I L L T
X X . . L =d 8 .
T I T T =
Vi o> 8 . i}
. . . X 25 (8] &= -
: : : : m o b @ 8 o ]
8 8 2 § § & ©° o« :
o Q 5 o hn o ° m7777700 m ° m
SNOLOYHd DINId4VHVd HO J1LVINOYY % W. 3 M M MMM nwmmmmm mmmmmmm 3
Z Sasid 393333 R

{min.)

Tine
Mass Spectrometry (GC-MS) Total Ion

Chromatograms of Selected SOH Samples from Run CMSL-8.

17N

Gas Chromatography-

Figure 3.



*sa|dutes 8-SW) uny pajoa|as pue
3ua|Ay1ak 04 @ouduayay J0 ea1dads (YIild) padeajU] WAOSSUBUA]-ABLANOY °4 d4nbLj

HIBHNNIAUH UIBHNNIALH
0oh 008 0Og! 0091 00Qe OOh2 0092 OOPE OOQE  0ODh. 00h 009 0021 0091 OND2 0Dh2 0082 DOZE  OO9E  DVQH
o . J N [ .
[ 9x *
ag n
v x
55 o
Sm Gﬂ
£ >
L P | o3
- - wg
- 5 nz
-}
(1] c
- a2
| wo ow
, [ ]
|
) n M=
| Jafe 1eon p1say 11 T4d | v SaTqnTOSul JHl YT Tdd N
| - o 2
1 L]
1
]
Y3GRNNIAUM HIBHNNIAYM
00h_ 009 0071 009t 00Q2 OOh2 00g2 OOZE GOYE  0ODh: 00 009  O0g1 0091 ODpP2 00k Q02 OO2E  OO9E 009
N 7 o
o < ,‘ 7
S ———
. 4 ”u” ) ”N
wg
m
m
-%
b m/ue o -Du
o0X ]
8¢ L
w2 z
o n
| B B
N
wa 6
um {unu3oadg uotsstuEsuedj) o
. “ suathyjakiog @ausuayay
Jokeq ostr3ysefd PIsay 11 14d . "
U}
}



*sajdwes 8-1SW) uny pajdaLas Jo euaydads
(SWId) A4jawou3dads ssey uOMIBZLUOT-Plat4 Pue S3|Lj0ug SLSA10uAd °G dunbLy

] 1Z/W) SSUH
one ong 00¢. 009 00s oov o113 o0oe 001

(SUREENNTE INCTRTTUTE FETETSTENG ATTRTNRUTY FURTUTTNN | FRTTETTENS FYSTRTTING

Yy

I4HL 22 14d 40 unuzosads (p)

I
61-0 Jg SI0GNI diHL 22 tid

C99=MH AY IM ¥BI=MH AU N J 0930 (1S 01 82 = 1 HNS'E0601Y

(J 930 3YNLUY34dHIL 3ITdHYS
00s 0S¥ Q0¥ 0SE 00e 0S2 002 OGSt 00l 0s [§] cn._.
t 1 L ] 1 1 1 (]

L 1 1

- 14H1l 22 13d 40 3114044 stshoukd (q) ]

I °r

T ¥ T T T r— ’

T T T
61-0 ST0SNI JHL 22 1dd
JAUNDY NOTLUUDJUAD HANDUA SHIT (MUY

00°¢

03!16a0dbAd 7 1M

oot

1Z/WY SSHHW
006 cmm omh 008 owm ooy 00¢€ 00¢ 001
T
P
-t
Fal
EL
-
4
=z
-
. mm
- Z
wn
-
3daH 40 wnJu3josads (2)
00°S
GI-0 U CI0SNOY  Jdan
8SGHMH AW IM  PSI=MH AU N ) 930 10S 01 32 = L HNS '90601Y
(2 930 JUNLUHAHTL 11dHUS
005 0St O00¢ OSE OOE OS2 002 0St OOl 0OS 0 0%
1 L 1 L L 1 1 1 1 1 i L O
L i
| 1=
L 4~
m
-
B 4 »
'l
o
D
- - D
-1
m
o
- 3dQH 40 a11404d sTsAouhd (e) .
T T 1 T T T T T Y T T 1 oot
S1-0 {I0SNDD) 3d4OH

TAUIDTY NOT HIHOJUA Y HANYIA CHIT anLntn

ra

-



Aajawoay3oads ssey uoLjeziuol-pLadt4 pue sa|Ljodd sishloakq

sajdues g-JSWD uny paldalas jo eua3dads (SWIL)
*(panuijuo)) G a4nbiy

(2/H) SSUH
006 (a8} 00L 009 00S oov 00¢ ooe 001

azgé. d
=
ol
2
o
z
z
L
m
z
[5,]
-1

J2Ae] TBO) PISay [T Tid 40 wnu3oads (Y)

001

8-0 O CI0SNDJ) HDLLDB 1 "1d4d

08S=MW AU LM 99P=MH AU N 3 930 SIS Ol 82 =~ 1 HNS'SO601Y

17/W) SSUNW
00b aoa ol o9 00s 0ob ooy une 001
iy N _ .
~
o
-
D
r
o
<
z
]
m
z
tn
22 04d 30 unuydads (3)

TG0 °0

Y R JI0HH 2T JJa

TG MH AU IH bOZ-MH AU N D 90 106 01 02 - | HOS 206U

(Z/H)

SSUW

006 ooa 0oL 009 00S oot 0oe
Jake 213se(d Pisay 11 14d Jo uwnuzoadg (6)
8-0 I {10SND) JOL 11 14d
LZ9=MW AY 1M ¥O¥=MH AU N 3 D30 80G 0l 82 = L HNS '¥060ILY
(Z/H) SSUH
006 008 00L 008 00s 0o¥ 00€ 00¢c

2Z 14d jo wnuzoadg (@)

¢l-0 3Jg
E6V=MH AU LM B6ZE=MH AU N

[I0SNDJY 3 10HM 22 1Jd
J 930 205 0! 82 = L HWNS'1O6OLY

(]

LISNIIND N

-

001

SN3

oSt

145
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INTRODUCTION

Direct liquefaction research at the Energy & Environmental Research Center (EERC) has,
for a number of years, concentrated on developing a direct liquefaction process specifically for
low-rank coals (LRCs) through the use of hydrogen-donating solvents and solvents similar to
coal-derived liquids, the water/gas shift reaction, and lower-severity reaction conditions. The
underlying assumption of all of the research was that advantage could be taken of the reactivity =
and specific qualities of LRCs to produce a tetrahydrofuran (THF)-soluble material that might be
easier to upgrade than the soluble residuum produced during direct liquefaction of high-rank
coals. A multistep approach was taken to produce the THF-soluble material, consisting of
1) preconversion treatment to prepare the coal for solubilization, 2) solubilization of the coal in
the solvent, and 3) polishing to complete solubilization of the remaining material. The product of
these three steps can then be upgraded during a traditional hydrotreatment step.

To provide a preliminary comparison between the EERC process and existing direct
liquefaction processes, product slurry produced during solubilization (Step 2) and polishing
(Step 3) steps (i.e., without the Step 1 pretreatment) was catalytically hydrotreated to equilibrium
based upon hydrogen uptake. The hydrotreatment was performed in this manner to define the
practical upper limit of the products’ hydrotreatability. The results were positive, and further
tests were performed incorporating the pretreatment step (Step 1). Steps 1 through 3
(pretreatment, solubilization, and polishing) were performed in an integrated fashion. The
products were catalytically hydrotreated to demonstrate the maximum hydrotreatability of the
solubilized slurry and to provide products that could be compared to the products of existing
processes.

The results of the EERC’s research indicated that additional studies to develop this process
more fully were justified. Two areas were targeted for further research: 1) determination of the
recyclability of the solvent used during solubilization and 2) determination of the minimum
severity required for hydrotreatment of the liquid product. The current project was funded to
investigate these two areas.
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PROJECT OBJECTIVES

The project objectives are to determine both 1) the recyclability of the solvent used during
solubilization and 2) the minimum hydrotreatment severity required to upgrade the liquid product
of the multistep EERC process.

The project is being performed as two tasks. The first task consists of ten solvent recycle
tests in which lignite is solubilized via the pretreatment, solubilization, and polishing steps. The
product of these three steps is combined with a vehicle solvent, and the resulting stream distilled
to remove water, solubilization solvent, and oxygenated light coal-derived liquids. The water is
then separated from the light solvent stream, and the solubilization solvent is reused as the
solubilization solvent for the next recycle test. The analyses of the products of the tests are used
to characterize the recycle solvent stream and to calculate mass and material balances.

The second task consists of a series of twelve hydrotreatment tests at various conditions.
The tests will be performed according to a statistically designed experimental matrix to enable the
identification and evaluation of the most effective low-severity hydrotreatment conditions.
Analyses of the products of these tests will be used to characterize the hydrotreated product and
to calculate mass and material balances.

This paper discusses only the results of the Task 1 recyclability tests performed to date.

PROGRAM APPROACH

Task 1 consists of ten multistep tests. In the first test, feed coal and solubilization solvent
were pretreated and solubilized. The product of the solubilization step was polished with
additional solvent, combined with a hydrogen-donor vehicle solvent, and distilled to remove
water, solubilization solvent equal to the amount added in the polishing step, and oxygenated
light coal-derived liquids (CDLs). If hydrotreatment had been part of this task, the bottoms from
this distillation would have gone to the hydrotreatment step. The distillation overheads were
further distilled to separate the water from the solubilization solvent and light CDLs. The
solubilization solvent was recycled to the pretreatment and polishing steps for the next test. This
sequence is being repeated until ten multistep tests have been performed, each utilizing the
solubilization solvent removed in the distillation of the previous test. To date, five tests have
been completed.

The purpose of this task is to monitor both the changes occurring in the solubilization
solvent as it is recycled in the multistep process and the changes in-product slate resulting from
the recycle of the solvent. Analyses were selected to enable this information to be determined.
The feed coal was subjected to moisture, ash, and elemental (C, H, N, and S) analyses, while the
solubilization solvent undergoes ash, Karl Fischer water, elemental (C, H, N, and S), THF
solubility, and ASTM D1160 distillation analyses. Oxygen contents are determined by
difference. Liquid products are analyzed using the same analyses as were applied to the
solubilization solvent. Gaseous products are analyzed by gas chromatography. Changes in the
recycled solubilization solvent stream are determined by speciation of this stream using mass
spectroscopy (MS) analysis. Complete speciation was scheduled to be performed after the first,



third, seventh, and tenth multistep tests. Complete mass and material balances al:e being
performed for all multistep tests.

ACCOMPLISHMENTS
Preparation of a Composite Solvent

During development of the multistep process, it was found that different solvents were
more effective in different steps. A hydrogen-donating solvent is needed during the pretreatment
and solubilization steps, while phenolic solvent is needed during the polishing step. Providing
these solvents at appropriate times during the previous testing was not difficult since no attempt
was made to recycle any of the solvent. The multistep process is of virtually no practical value if
it must be performed in a batch mode on a commercial scale; therefore, a solvent must be
procured that meets the requirements of each step, yet is recyclable.

The original process development work was performed using hydrogenated coal-derived
anthracene oil (HAQ61) in the polishing and solubilization steps and cresylic acid (POH) in the
polishing step. A composite solvent was prepared from these materials as follows. The HAO61
was distilled to remove a middle fraction equal to 13.4 wt% of the HAO61 stream. (Removing *
this middle fraction makes it easier to separate the HAOG61 into light and heavy fractions for use
in different parts of the process.) The light fraction of the HAO61 was defined as the material
that distilled over at an overheads’ temperature of about 464 K (191°C) or less at a pressure of
7.7 X 10° N/m? (1.12 psi). It made up 33.8 wt% of the total HAO61 stream. The light fraction
of the HAO61 was combined with an equal part of cresylic acid to form the pretreatment/
solubilization solvent. Additional light material was added to the polishing step. Following
polishing, the HAO61 heavy fraction (the material that did not distill at 479 K [206°C] and 7.2
X 10° N/m? [1.04 psi]) was added to the product slurry to serve as the vehicle solvent for the
hydrotreatment step. The entire mixture was distilled to remove water, POH, HAO61 light
fraction, and light CDLs produced from the coal. The water is separated from the light organics,
which are then recycled back to the pretreatment and polishing steps. The overall solvent scheme
is summarized in the block diagram shown in Figure 1.

The Task 1 testing began following preparation of the composite solvent and distillations
performed to determine that the solvent could be reproducibly fractionated into the light and
heavy fractions.

Test Description

For each test, the following run sequence was performed. Freedom lignite was slurried
with the solubilization solvent (which consisted of a 50:50 mixture of POH and HAOG61 light
fraction for the first test and recycle solvent for the other tests) in a 2:1 solvent-to-coal ratio.

The feed slurry was cold-charged to the reactor. The autoclave was charged with CO and H,S,
which serves as the reaction promoter. The reactor was heated to a temperature of approximately
423 K (150°C) and a pressure of about 9.65 X 10° N/m® (1400 psig) for the pretreatment, which

lasted 30 minutes. The temperature and pressure were then increased to about 648 K and
2.414 x 107 N/m? (375°C and 3500 psig, respectively) for 60 minutes. (All pressures are at
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Figure 1. Block diagram showing the location of various solvent fractions during the multistep
direct liquefaction process.

reaction temperature and are equivalent to 6.898 X 10% N/m? [1000 psig] at room temperature.)
The unit was quenched and the product recovered and sampled.

The solubilized product slurry was then charged to a preheated autoclave containing start-
up solvent and H,. The unit was operated at reaction conditions of 713 K and 3.10 x 10’ N/'m?
(440°C and 4500 psig) for 20 minutes during the polishing test. The reaction was quenched and
the product collected and sampled.

The polished product slurry was combined with HAO61 heavy fraction (which would serve
as the vehicle solvent for the product going into the hydrotreatment step) and then distilled. The
water was removed first, and a light oil fraction was collected as the overhead material resulting
from distillation at 8.2 X 10° N/m? (1.19 psig), an overhead temperature of 471 K (198.2°C),
and a pot temperature of 494 K (221°C). After samples were taken for analysis, the light oil
fraction was used as the feed solvent for the next test.

The conditions at which Tests 1 through S were performed are summarized in Table 1.

Discussion of Results

The first two tests went as planned. An electrical power outage unexpectedly occurred
prior to the distillation step during Test 3. The equipment was preliminarily tested to be sure
that it still operated, but the pressure transducer calibration was not tested. Because it was no
longer in calibration, the distillation was not performed at the correct conditions, and
approximately 20% of the light organics remained in the bottoms. This changed the composition
of the recycle organics used as the solvent in the Test 4 feed slurry.

The material balances for Tests 1 through 5 are presented in Table 2. These data show
that recoveries for the gas and liquid fractions for each of the steps are similar. The liquid
balance for the pretreatment/solubilization step ranged from 91.0% to 91.7%. The polishing step
liquid balance ranged from 97.2% to 97.7%. Overall mass balances for the pretreatment/
solubilization step ranged from 96.0% to 99.3%, for the polishing step 98.2% to 99.2%,



Run Conditions for Task 1, Tests 1 Through 5

TABLE 1

Test
Number
Processing Step 1 2 3 4 5
Pretreatment N602 N607 N611 N614 N617
Temp., K 425 426 424 425 422
Pressure, N/m? x 10° 9.7 9.6 9.7 9.8 10.1
Time, min 35 30 30 30 30
Gas Cco Cco CO Cco 60)
Additive H,S H,S H,S H,S H,S
Solubilization N602 N607 N611 N614 N617
Temp., K 650 650 646 645 645
Pressure, N/m? x 10° 24.0 243 24.5 23.7 234
Time, min 60 60 60 60 60
Polishing N603 N609 N612 N615 N618
Temp., K 714 713 707 710 711
Pressure, N/m? x 10° 31.8 31.3 31.5 29.6 27.6
Time, min 20 20 20 20 20
Gas H, H, H, H, H,
Additive Feed Solvent RS-606* RS-610 RS-613 RS-616
Distillation® N606 N610 N613 N616 N620
Temp., pot, K 494 492 492 494 494
Pressure, N/m? X 10° 0.008 0.008 0.008 0.008 0.008

* Recycle solvent from distillation step of prior test.
®  Water was removed first; listed conditions indicate the cutoff point for separation of light organic materials

from the hydrotreatment step feed.

and for the distillation step 97.9% to 99.6%. The consistency of the mass balances for each step
proves that the system is operationally stable. The fact that the mass balances are at least 95%
indicates that adequate amounts of material were collected for analysis and subsequent tests and

that the data, therefore, reliably describe the process.

The solvent balance from the Test 3 distillation was reduced because some of the distillable
material was not collected. After calibration of the pressure transducer during Test 4, the Test 3
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TABLE 2

Mass and Material Balances for Task 1, Tests 1 Through 5

Gas Balance, % Liquid Balance, %  Overall Mass Balance, %

Test 1
Pretreatmment/ 122.6 91.4 96.0
Solubilization
Polishing 169.5 97.3 98.2
Distillation NA? NA 97.9
Test 2
Pretreatment/ 135.8 91.7 98.6
Solubilization
Polishing 197.9 97.3 98.7
Distillation NA NA 98.7
Test 3
Pretreatment/ 140.9 91.7 99.0
Solubilization
Polishing 205.6 97.7 99.2
Distillation NA NA 97.9
Test 4
Pretreatment/ 132.1 91.6 98.7
Solubilization
Polishing 220.0 97.2 99.1
Distillation NA NA 98.1
Test 5
Pretreatment/ 131.8 91.0 99.3
Solubilization
Polishing 196.1 97.2 : 99.0
Distillation NA NA 99.6

Not applicable.
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TABLE 3

Distillate Yields and Solvent Balances for Task 1, Tests 1 Through 5

Hydrotreatable Solubles, wt% maf* Solvent Yield, Solvent Balance,
Test No. Liquid Basis® Gas Basis® wt% maf %
1 76.90 72.54 42.01 116.42
2 80.50 78.88 68.17 127.75
3 77.42 73.55 46.27 118.57
4 73.79 70.03 13.67 105.47
5 80.20 77.99 17.12 106.80

* Weight percentage of moisture- and ash-free coal fed to the system.
®  Yield calculated from liquid stream mass balance data.
¢ Yield calculated by subtracting the gas yield from unity.

distillation was repeated and the recovery results used to calculate the actual Test 3 solvent
balance. This value is shown in Table 3, which summarizes the solvent balance and yields of
hydrotreatable solubles and distillate for Tests 1 through 5. As the table shows, solvent balances »
of over 115% were attained for Tests 1 through 3. The lower balances shown by Tests 4 and 5
are probably due to the improper recycle solvent composition. The additional material removed
during the redistillation of the Test 3 hydrotreatment feed was added to the recycle solvent stream
that will be used in the Test 6 feed slurry.

The yields of hydrotreatable soluble material noted in Table 3 were calculated two different
ways: from the liquid stream mass balance data and by subtracting the gas yield from unity.
The reliability of the data is high since the numbers are similar and exhibit a consistent 4%
difference between values calculated by both methods.

During analysis it was noted that some light organic material was removed with the
aqueous phase during distillation. This material is phenolic in nature and makes up about 10% to
16% of the aqueous stream. The organics were gravity-separated and added to the recycle
solvent stream that will be used in the Test 6 feed slurry. The organics will be separated from
the aqueous stream and added to the recycle solvent during the remaining tests.

CONCLUSIONS

* The process remained both operationally and chemically constant, even though the recycle
solvent composition was abruptly changed and some of the light solvent was not returned to
the recycle stream.

¢ This work was performed using a composite solvent that had not been previously used in the
multistep process. Although the solvent was prepared using information gathered during

previous process development work, it is possible that, as it recycles, the solvent will not
remain hydrogen-enriched enough to be optimally effective in the pretreatment and
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solubilization steps. If not enough hydrogen is available, light organic material could be

removed from the hydrotreated product stream and recycled to the pretreatment step.
FUTURE PLANS

The Task 1 solvent recyclability tests and the Task 2 hydrotreatment severity tests will be

completed. The next step in the process development would be optimization of the process on a
batch scale, followed by one or more continuous demonstration tests.
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INTRODUCTION

Co-Processing refers to the combined processing of coal and petroleum-derived heavy oil feedstocks.
The coal feedstocks used are those typically utilized in direct coal liquefaction: bituminous,
subbituminous, and lignites. Petroleum-derived oil is typically a petroleum residuum, containing at
least 70 W% material boiling above 525°C. The combined coal and oil feedstocks are processed
simultaneously with the dual objective of liquefying the coal and upgrading the petroleum-derived

residuum to lower boiling (< 525°C) premium products. HTI’s investigation of the Co-Processing
technology has included work performed in laboratory, bench and PDU scale operations.

The concept of co-processing technology is quite simple and a natural outgrowth of the work done
with direct coal liquefaction. In direct coal liquefaction, a feed coal slurry is produced by mixing
pulverized coal with a process-derived recycle oil. This slurry allows the coal feedstock to be
pumped and preheated to reaction conditions. The concept of coprocessing is to replace the process-
derived recycle oil with an external, petroleum-derived residue which also needs to be upgraded.
This eliminates costs and equipments associated with preparation and handling of the recycle slurry
oil and should, therefore, reduce the cost of liquid fuels from coal.

A 36 month program to evaluate new process concepts in coal-oil coprocessing at the bench-scale
was begun in September 1994 and runs until September 1997. Included in this continuous bench-
scale program are provisions to examine new improvements in areas such as: interstage product
separation, feedstock concentrations (coal/oil), improved supported/dispersed catalysts, optimization
of reactor temperature sequencing, and in-line hydrotreating. This does not preclude other ideas from

DOE contracts and other sources that can lead to improved product quality and economics.

Direct Coal Liquefaction Technelogy Background: Hydrocarbon Technologies, Inc. (HTI) has
a very strong background and experience in performing research and development in catalytic direct
coal liquefaction technology. The personnel of HTT have conducted research on coal liquefaction
for more than 25 years. During this time, they have evaluated both thermal-catalytic and catalytic-
catalytic coal liquefaction configurations with several alternative reactor designs and process
operating conditions. A simplified flow diagram of a catalytic two-stage direct coal liquefaction
(CTSL) technology is shown in Figure 1. This research work has led to important findings which
significantly increased liquid yields, improved product quality, and improved process economics.
The following process changes led this to improved performance:

® Staging coal liquefaction reactions

® Lower temperature and higher residence times

® Low-High and high-low temperature mode of operations in Catalytic Processing
® Heavier (343°C*) boiling recycle solvents

® Coal concentration in feed slurries increased from ca. 30 W% to ca. 53 W%
® Deep coal cleaning .

¥ Continuous sulfiding for low-rank, low-sulfur coals

8 In-Line hydrotreating

m Use of synthesis gas in first stage instead of pure H,

m Use of interstage product separation

® Combined processing of coal, resid, waste oils and plastics
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With all these process improvements, the CTSL Process, in an extinction recycle mode of operation,

provides a much better overall performance (for both bituminous and sub-bituminous coals) than the
H-Coal Process, developed in the early 1980's (Table I).

Coal/Oil Co-Processing Technology Background: HTI's approach to coal-oil coprocessing uses
a two-stage reaction system with either extrudate catalyst in both reactors or a combination of a
dispersed and a supported catalyst in the reactor stages. A simplified process flow-diagram for coal-
oil coprocessing is shown in Figure 2. So far, HTI’s personnel have been involved in a significant
number of coprocessing research, development, and pilot-scale demonstration projects. A total of
about 450 days of experience operating coal-oil coprocessing programs in continuous bench-scale
units (25 kg/day throughput) has been accumulated. The distribution of this experience as per the
types of feedstocks is shown in Table 2. This bench-scale operating experience has helped them
build a bench-scale database covering not only feed coals and oils with varying properties but also
a range of operating conditions and process configurations with the corresponding data on process
performance. Coal and residuum conversions as high as 97 and 93 W% maf feed, respectively, have
been achieved (Table 3) with C,-525°C distillate yields of above 80 W% maf feed. Significant metal
and heteroatom removals have also been obtained. All these achievements have improved the

overall economics of coal liquefaction via coal-oil coprocessing. At present, coprocessing promises
to be 25-30 % more economical than direct coal liquefaction, thus making noticeable headway
towards reducing the cost of liquid fuels from coal to below $25 per barrel.

Low/High Temperature Staging and Interstage Separation: One of the prime factors that limits
the capacity of a reaction train in ebullated-bed reactors, and therefore adds to product cost, is the
velocity of the gas passing through a reactor. The higher this gas velocity, the greater is the gas
holdup and consequently the lower is the effective reactor liquid volume. Reactor train sizing is
performed by setting the gas velocity at the maximum operable level. This determines the reactor
diameter and the required reaction severity determines the height. Table 4 provides an illustration
of hydrogen management options for two-stage reactor configurations. It is assumed that one unit
of hydrogen is consumed in the reaction and that 4 units are supplied to the reactors to maintain
adequate hydrogen partial pressure. Cases 1 and 1A are for equal reactor temperatures while cases
2 and 2A are for low/high temperature staging. The A cases include the use of an interstage
separator between the first and second reactor. Previous experience has shown that for a two-stage
system operating at equal temperatures approximately 75-80% of the hydrogen is consumed in the
first stage. The low and high temperatures are selected such that 50% of the hydrogen is consumed

in each stage.

In cases 1 and 1A, where 80% of the hydrogen is consumed in the first stage, 80% of the fresh
hydrogen is supplied to the first stage. This results in a total supply of 3.2 units to the first stage and
either 3.2 or 0.8 units to the second stage, depending on whether or not the interstage separator is
used to remove all the first stage gases. In cases 2 and 2A, where 50% of the hydrogen is consumed
in the first stage, 50% of the fresh hydrogen is supplied to the first stage. This results in a total
supply of 2.0 units to the first stage and either 3.5 or 2.0 units to the second stage, depending on
whether or not the interstage separator is used to remove all the first stage gases. For equal reactor
temperatures the limiting gas velocity is 3.2 with or without the use of interstage separation. For
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low/high temperature staging the limiting gas velocity is 2.0 with interstage separation (3.5 without
separation). Temperature staging with interstage separation could yield a maximum increase in
capacity per reaction train of 60% (3.2/2.0=1.60).

Coal/Oil Coprocessing Synergy: Process synergy is an oft discussed but little understood aspect
of coal/oil coprocessing. Process synergy, in terms of enhanced 525°C+ conversion, has been
identified in coal/oil coprocessing from batch reactivity screening. It is more difficult to directly
detect the synergy in bench scale operations as different modes of operation are employed in coal
only liquefaction as opposed to oil only processing. It is possible to infer synergy on coprocessing
bench operations with a few assumptions. If it is assumed that the conversion at 10 W% coal is a
good representation of oil only operation and that the conversion at 40 W% coal provides an upper
limit on conversion for coal only operation, inferences can be made regarding process synergy. As
Figure 3 shows, conversion at 20, 33 and 40 W% coal is significantly higher than would be expected
if there was no synergy. At 33 and 40 W% coal, the conversion is 6 W% higher than would be
expected.

The other aspect of process synergy in coal/oil coprocessing is demetallization by solids. Petroleum
derived oil feedstocks contain metals contaminants, primarily nickel and vanadium, at concentrations
as high as 500-1500 wppm. In oil only processing, these metals deposit on the catalyst as metal
sulfides permanently poisoning the catalyst. The higher the level of metals in the feed, the higher
the rate of catalyst deactivation. In coprocessing a large portion of the metals are deposited in the
product solids. As can be seen in Figure 4, which shows the metals concentration in the product
solids over the course of a test, these concentrations increase with catalyst age. Over the course of
this test 99% of the metals were removed from the liquid product. Of this demetallization, over 90%
occurred on the coal solids.

OBJECTIVES

The overall objective of this proposed research and development program is to further develop and
improve coal/oil co-processing technology with an emphasis on better integration to existing refinery
operations. Improvements can be realized in terms of increased selectivity to distillate products,
improved product quality and increased reactor space velocity. Thése improvements will lead
directly to improved economics and the potential for early commercialization of direct coal
liquefaction technology. The specific objectives of this program are:

® To enhance co-processing reaction rates through utilization of improved catalysts and
optimization of the first- and second-stage temperatures.

® To perform catalyst activity screening, including new high activity ebullated-bed
catalysts, dispersed catalysts and combinations of extrudate and dispersed catalysts.

® Tostudy reactant/product and coal-derived liquid/petroleum-derived residuum solubility
ranges over a range of coal loadings in this reactor and process configuration.



® To maximize liquid product yields and product quality in an optimized two-stage
co-processing system with in-line hydrotreating.

® To assess and optimize the operation of catalytic two-stage coal/oil co-processing
technology, operating with interstage separation.

® To provide guidance to ongoing research by performing economic assessments of
proposed modifications to the reactor configurations.

PROJECT STATUS

Microauteclave Test Program: The microautoclave unit is composed of two tubular reactor
bombs which are mechanically shaken in a heated, fluidized sand bath. The reactors are charged
with specific amounts of materials and can be pressurized to 13.5 MPa or greater. The bombs are
plunged into a sand bath maintained at a predetermined temperature, then agitated for a specified
amount of time. After reaching the desired temperature, the bombs are removed, plunged into a water
bath for cooling, and the contents analyzed. .

This part of the program serves as the initial screening of new catalyst types, coal/oil combinations,
and operating conditions as they affect the reactivity. The microautoclave provides a very rough
indication of relative reactivities. Gram quantities of feedstock, diluent and catalyst are charged to
the microautoclave reactor. Information can be obtained on 525 °C+ conversion via
thermogravimetric analysis, to simulate product distillation, and on coal conversion via extraction
with tetrahydrofuran (THF) and ash analysis. In this program, the following microautoclave
determinations, approximately 70-80 tests, are planned:

® Co-Processing Feedstock Reactivity - 2 coals and 3 oils will be evaluated (6 feedstock
combinations). Reactivity will be evaluated at constant operating conditions (432 °C and 90
minutes residence time) for coal concentrations of 0, 10, 30, 50 and 100 % coal. A total of 25
tests are planned, including repeats and duplicates.

e Effect of Hydroaromatic Solvent Addition on Oil Reactivity - Solvents rich in hydroaromatics
will be added to a selected petroleum feedstock to help elucidate process synergy effects in a
hydrocracking atmosphere. 10 tests are planned.

® Product Reactivity - Co-Processing vacuum bottoms product reactivity will be evaluated for
selected products which represent a range of conversion levels over a range of severity. 15 tests
are planned.

® Alternative Catalyst Screening Evaluation - Alternative extrudate catalysts (such as high activity
supported hydrocracking catalysts for heavy resids, noble metal-based supported catalysts, etc.)
and catalyst systems (dispersed and dispersed/extrudate) will be screened. Dispersed catalysts

(based on iron, molybdenum, tin, and vanadium) developed in-house at HTT will be tested in this
program. 20 tests are planned.
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The first set of microautoclave test are presently in progress. The performance of dispersed catalysts
in coprocessing will be compared to that of a supported catalyst, AKZO AO-60, on the basis of
525°C+ conversion. Molyvan A (or L) and Mo/Fe,0,/SO,, developed at HTI, will be employed in
these microautoclave runs. The effect of catalyst concentration on the product yield (THF soluble
and cyclohexane soluble) will be investigated. The hydroaromatic solvents, FCC decant oil and
coal-derived oil, will be used to help elucidate process synergy effects in a hydrocracking
atmosphere.

Laboratory Scale CSTR Test Program: A continuous two-stage gradient-less, catalytic, stirred
autoclave reactor system commonly known as the Robinson-Mahoney reactor system (Unit 245),
was recently modified by the HTI scientists to change the internals, especially the catalyst baskets’
configuration, to better simulate ebullated bed operation. The modified two-stage CSTR system,
now known as the Lee-Faupel-Canas (LFC) reactor system, has two 1000 cc reactors in series and
can handle feed rates in the range of 5 to 25g per day. It can operate at temperatures up to 454°C and
pressures up to 20.3 MPa. HTI has developed an internally propelled fluid-bed catalyst basket to
increase the catalyst loading to a level that more closely simulates an ebullated bed. The flow-
patterns and mixing-behavior very closely approach those in a fully ebullated-bed system. It is used
for catalyst testing, feedstock screening, and evaluation of process improvements. It can be used as
a single-stage or two-stage system with coal slurry or oil feedstocks. This.part of the program

evaluates the best results obtained from the microautoclave program using a continuous stirred
autoclave reactor system, LFC reactor.

Run 1 will provide a baseline operation at conditions selected to tie in to existing bench-scale co-
processing data base. It will also confirm operating procedures for coal slurry processing in this unit.
Runs 2-4 will evaluate catalysts. Catalysts selected will be based on HTI experience with new high
activity hydrocracking catalysts and results from microautoclave catalyst screening study. Two high
activity extrudate catalysts will be selected for testing. One test will be devoted to a dispersed
catalyst or dispersed/extrudate catalyst test. These tests will be performed in two segments, an initial
3-day catalyst break-in condition, followed by 7-days of operation at a severity representative of
projected commercial operations.

Runs 5-6 will be performed to optimize operating conditions for low/high temperature two-stage
operation. The preferred catalyst system from the catalyst screening task will be used. Multiple
operating conditions, lasting 3-4 days will be evaluated. Run No. 7 will be carried out to study the
interstage separation of products. Since the LFC system has no provisions for interstage sampling,
this test condition will be simulated by performing two single-stage runs. Products from the initial
segment of the run will be cut to remove low boiling materials prior to feeding to the second
segment.

The first LFC test is just starting up using a New Mexico coal from the McKinley Mine and a
California heavy oil. This baseline test investigates the effect of adding a hydroaromatic solvent,
FCC decant oil and a coal-derived liquid, on coal conversion, 524°C+ conversion and on product
quality. The initial and final conditions of this test are identical so that catalyst deactivation can also
be evaluated. The operating conditions have been selected to provide a tie point to HTI’s previous
experience in coprocessing.
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Bench Scale Test Program: The two continuous bench scale units at the R & D center, designated
by the numbers 227 and 238, consist of two-stage reactors each in series and can be operated to
exhibit either plug-flow or CSTR kinetics. These reactors are each 2000 cc in volume, with a
nominal diameter of one-inch and can be operated either as ebullated catalyst beds or simply as back-
mixed reactors with unsupported dispersed slurry catalyst. It is also possible to close-couple the two
bench systems in such a way that more than two reactors can be used at the same time if the
objectives of the run demand such a configuration. Each unit has two reactors in series with reactor
temperatures controlled by electrically-heated fluidized sand baths. The reactors are close-coupled
as the effluent from stage one flows directly into stage two without product separation. Provisions
can be made to add an interstage separator to unit 227. The units are fully integrated in terms of
providing coal shury mixing, feed preheat, reaction and product separation/recovery as part of the
continuous operation. Both units are capable of operating at temperatures up to 485°C and pressures
as high as 20.3 MPa. They can process coal, coal/oil, oil only feed, as well as other hydrocarbon
mixtures

This part of the program represents the focal point for all of the process improvements identified by
economic screening and the smaller scale experimental work. As the bench-scale products can be
completely characterized, and interstage samples can be obtained commercial performance can be
projected.

Run 1 will evaluate in-line hydrotreating. The objective of adding in-line hydrotreating is to produce
co-processing products which can be processed in existing refineries with no separate processing
prior to refining. This will improve the acceptability of co-processing to refiners and allow
introduction of co-processing to conventional refineries. The in-line hydrotreating of the process
distillates (IBP-399°C) from HTT's direct coal liquefaction bench-scale and PDU-scale units has been
successful in producing net distillates with high H/C atomic ratios (> 1.8) and very low amounts of
heteroatoms (less than 10 ppm of nitrogen and sulfur). The advantage of such a processing is that
the feed-stream to the hydrotreater is already at a high temperature and contains sufficient partial
pressure of hydrogen for further refining and heteroatom removal. During coprocessing Bench-Run
No. 1, an in-line hydrotreater with a fixed-bed of conventional Ni-Mo/Al,O; trilobe catalyst will be
employed and the effect of temperature will be studied over a range of 363-379°C. It is also planned

that an in-line hydrotreater will be made an integral part of bench-scale processing for the subsequent
bench runs. This test is planned for August 1995.

Run 2 will use an improved catalyst. The catalyst, whether extrudates in both stages or a
combination of dispersed/extrudate systems, will be based upon the results of catalyst-screening
carried out in the microautoclave and CSTR systems. In general, the supported extrudate catalysts
will be the high activity resid hydrocracking catalysts based on Ni-Mo or Co-Mo on alumina, while
the dispersed catalysts will be based on iron and/or molybdenum.

Run 3 will be performed with low/high temperature staging. So far, most of the continuous bench-
scale and PDU-scale co-processing operations at the HTI R & D facility have been carried out in two
equal-temperature, catalytic, ebullated-bed reactor stages. The optimization of reactor temperature
profiles for direct coal liquefaction led to a fully catalytic two ebullating-bed system with low
temperature first stage for recycle solvent generation by hydrogenation and a higher temperature
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second stage for upgrading of the first stage products by hydrocracking. Low-high reactor
temperatures will be in the range of 413-427°C for the first stage and between 441-449°C for the
second stage reactor.

Run 4 will determine the effects of interstage separation. Separation of light distillates and off-gases
between the reactor stages has been employed successfully during our ongoing catalytic multistage
direct coal liquefaction program. In this process configuration, the feed stream entering the second
stage reactor is more concentrated in the reactive components and has a higher hydrogen partial
pressure. Thus, a distinct kinetic advantage is obtained. The interstage hot separator will be
maintained at around 343°C during Run 4, and the effects of feed space velocity and reaction severity
on overall process performance will be studied.

Run 5 will study the thermal/catalytic configuration with dispersed catalyst in the first stage back-
mixed thermal reactor. In this run, a combination of a dispersed and an extrudate supported catalyst
will be used, i.e., the first stage will have a high surface area, fine dispersed catalyst, while the
second stage will be an ebullated-bed reactor with a supported catalyst. The performance data
obtained during this run will be compared with that from one of the earlier bench runs employing
a catalytic-catalytic reactor system. .

With the exception of Run 5, which is for 12 days, each run is scheduled for 15-days at target
operating conditions. The total bench-scale program includes 72 operating days at target conditions.
A typical bench-scale operation of 15 days will include evaluation of multiple operating conditions.
A minimum length of evaluation for a single condition is 3 days. Depending upon specific operating
conditions some conditions will be maintained for 4-6 days. A 15-day run will usually evaluate 3-5

conditions.

Material balances are preformed each day of the bench-scale operation. Typical material recoveries
are in the range of 98-102 %. Coal conversion is calculated each day except for transition days,
where a given operating condition is being changed. Normalized yields and conversions are
typically calculated 2 or more times per condition, depending upon the length of the condition.



TABLE 1. CTSL PROCESS PERFORMANCE IMPROVEMENTS

[llinois (Bituminous)

Wyoming (Subbituminous)

Process

H-Coal

CTSL

H-Coal CTSL

Coal Conv., W% MAF

94

97

91 93

524°C* Conv., W% MAF

73

94

75 89

C,-524°C Liquid Yield

W% MAF Coal

Bbl/Ton Coal
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TABLE 3. HRI COAL/OIL COPROCESSING TECHNOLOGY
SUMMARY OF BENCH-SCALE DATABASE
COAL FEEDSTOCK PROPERTIES

Ash, W% Dry Coal
H/C Atomic Ratio
O/C Atomic Ratio
Sulfur, W%

OIL FEEDSTOCK PROPERTIES

°API Gravity

H/C Atomic Ratio
Sulfur, W%
Ni+V, Wppm
W% 525°C

OPERATING CONDITIONS*

W% Coal Feed
Space Velocity
Temperature, °C

First Stage

Second Stage
Recycle/Feed Ratio
525°C+ in Recycle, W%

PROCESS PERFORMANCE

525°C+ Resid Conversion, W%
Coal Conversion, W%

HDS, W%

HDN, W%

C,-525°C Yield, W%

C1-C3 Yield, W%

first and second stage reactor temperatures in the range of 430-440°C with no recycle.
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TABLE 4. HYDROGEN MANAENT IN TWO-STAGE REACTOR SYSTEMS

Hydrogen Consumed

Reactor 1
Reactor 2

Total

Hydrogen Supply to Reactor 1

Hydrogen Supply to Reactor 2

From Reactor 1
Fresh

Total

1446



FIGURE 1. HTT’S CATALYTIC TWO-STAGE COAL LIQUEFACTION PROCESS
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FIGURE 3. COAL/OIL COPROCESSING SYNERGY ON 524 C+ CONVERSION
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DEASHING OF COAL LIQUIDS WITH CERAMIC MEMBRANE MICROFILTRATION
AND DIAFILTRATION

Bruce Bishop and Robert Goldsmith
CeraMem Corporation
12 Clematis Avenue
Waltham, MA 02154
Contract Number: DE-AC22-92PC92149

Period of Performance: August 4, 1992 - September 30, 1995

Introduction

Removal of mineral matter from liquid hydrocarbons derived from the direct liquefaction of coal
is required for product acceptability. Current methods include critical solvent deashing (Rose®

process from Kerr-McGee) and filtration (U.S. Filter leaf filter as used by British Coal). These.
methods produce ash reject streams containing up to 15% of the liquid hydrocarbon product.

Consequently, CeraMem proposed the use of low cost, ceramic crossflow membranes for the
filtration of coal liquids bottoms to remove mineral matter and subsequent diafiltration
(analogous to cake washing in dead-ended filtration) for the removal of coal liquid from the
solids stream. The use of these ceramic crossflow membranes overcomes the limitations of
traditional polymeric crossflow membranes by having the ability to operate at elevated
temperature and to withstand prolonged exposure to hydrocarbon and solvent media. In
addition, CeraMem’s membrane filters are significantly less expensive than competitive ceramic
membranes due to their unique construction. With these ceramic membrane filters, it may be
possible to reduce the product losses associated with traditional deashing processes at an
economically attractive cost.

Membrane Background
General Description of Crossflow Membrane Processes

The process for removal of solids from coal derived liquids in this program is crossflow
microfiltration (MF). This is a pressure driven membrane process in which particulate and
colloidal materials are removed from a feed stream (See Figure 1). In microfiltration, the feed
stream is pumped over the membrane surface with a transmembrane pressure differential in the
range of 20 to 100 psi. The crossflow velocity is generally 100 to 10,000 times the
"perpendicular” velocity or filtration velocity. Retained matter is removed from the system as
a fluid concentrate. The surface shear at the membrane surface controls the build-up of a filter
cake (or membrane foulant layer) so that, in principle, a steady sate filtration rate is attained.
The process is to be contrasted with dead-ended filtration in which no crossflow is present and
a filter cake builds continuously as filtrate is removed.
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MF is generally employed for removal of submicron particulate and colloidal matter which
would rapidly blind surface filters. Also, MF replaces diatomaceous earth precoat filters
because of greater product recovery and the elimination of waste disposal of a voluminous spent
precoat cake.

MF can be used in a diafiltration process to increase the recovery of liquid or soluble products
from a particulate containing stream. In diafiltration, a solvent is added to the fluid concentrate
to dilute the solids so that the fluid can be refiltered to remove additional product in the filtrate
along with some of the added solvent. Several cycles of this process can be used such that
essentially all the product in the feed stream is removed and the concentrate consists of solids
and solvent. Additional processing of the permeate and/or concentrate may be necessary in
order to remove the solvent depending on the application.

Description of CeraMem’s Ceramic Crossflow Membrane Technology

CeraMem is one of several commercial suppliers of liquid crossflow ceramic membrane modules
which utilize a porous ceramic monolith as a membrane support. However, CeraMem is unique
in its approach, described below, in utilizing a very high membrane surface area support
structure in each modular element. .

Ceramic Monoliths as Membrane Supports. CeraMem’s technical approach to construction of
ceramic membrane modules is based on the use of porous honeycomb ceramic monoliths as
membrane supports. These high surface area, low cost materials have been developed for and
are widely used as catalyst supports for automotive catalytic converters. The most commonly
available material is cordierite. Cell (i.e., feed passageway) "areal densities" in the honeycomb
structure range from 9 to 1400 cells per square inch of monolith frontal area (cpsi), and can
have cell geometries of round, square, or triangular. The porosity of the materials can range
from about 30% to 50% with mean pore diameters of 3 um to 35 um. The monoliths
themselves can be extruded in various cross sections such as rounds, ovals, or squares. Cross
sections up to 13" and lengths up to 36" are extruded on a commercial scale by Comning, Inc.

Membrane Application to the Ceramic Support. CeraMem forms microfiltration and
ultrafiltration membranes on the monolith by slip casting porous coatings of ceramic particles
on the cell wall surfaces of the passageways, followed by drying, and then sintering to bond the
particles to each other and the honeycomb support. Most membranes have more than one
coating layer, constituting a multilayer, asymmetric ceramic membrane. The initial layers are
relatively thick (75-100 um) and consist of large particles to cover the pores of the support
material. Subsequent layers are thinner to minimize flow resistance and consist of finer particles
to form finer pore sizes. A schematic diagram of a multilayer membrane is shown in Figure 2.

Mode of Use As Membrane Supports/Housing and Seal Design Concept. Each monolith has
hundreds to thousands of parallel passageways that run from one face to the opposite end face
(Figure 3). During processing, the feed stream to be treated is introduced under pressure at one
end of the module, flows through the passageways over the membrane, and is withdrawn at the
downstream end of the module. Material which passes through the membrane (permeate) flows
into the cell walls of the monolith. The combined permeate from all the passageways flows



toward the periphery of the monolith support, and is removed through an intégral, pressure-
containing "skin" at the exterior of the monolith.

There is a technical limitation to use of monolith supports as described above. Due to the long
and tortuous path through which the permeate must flow to get to the outside pressure containing
skin, there can be a large pressure drop for permeate flow. Depending on membrane resistance
and process conditions, the only passageways from which permeate can be effectively removed
are often those in an annular ring adjacent to the monolith skin. This limitation generally
restricts the diameter of monoliths than can be used to approximately one inch.

CeraMem has developed mechanical modifications to monoliths to overcome this limitation, and
one version is used commercially for membrane modules of approximately six inches in
diameter. These mechanical modifications create permeate conduits within the monolith which
conduct permeate from the interior of the monolith to an external permeate collection zone.
Figure 4 depicts one form of these mechanical modifications. In this case, slots are cut into one
end (or both) of the monolith, and the ends of these slots are sealed. At the opposite end of the
monolith, the ends of the cells opening into the slots are sealed in a like manner. Many sealants
can be used, but the preferred materials are similar to that from which the monolith is made.
After sealing the slots at both ends of the monolith, the monolith is coated with membrane.,
During operation, feed is pumped through the module, and permeate flows through the
membrane into the monolith cell walls. The permeate from any cell in the monolith flows no
more than a few cell layers before it arrives at a low pressure permeate conduit. When the
conduit is reached, the permeate flow turns toward the end of the monolith containing the slots.
Upon reaching the slots, the permeate flow turns 90° and flows into a permeate collection zone.

This approach to removing permeate from the inside of a large diameter monolith results in high
surface area modules with very high membrane packing densities. As a result, several
advantages are derived from this unique membrane construction. First, since most of the cost
of manufacturing ceramic membranes is labor, the cost of producing high surface area membrane
elements is relatively low allowing CeraMem to sell membranes at much lower prices per square
foot than other ceramic membranes and at prices competitive to polymeric membranes in some
cases. Also, with the high surface area filter elements fewer elements are needed in any one
system thereby minimizing the amount of associated hardware including housing and seals.

At present, the conduit configuration described above has been commercialized for crossflow
liquid applications, using elastomeric boot seals in stainless steel housings, at temperatures up
to 200°C. This design, however, is not readily amenable to sealing at higher temperatures due
to the temperature limitation on the elastomer boot seal. CéraMem has developed high
temperature membrane modules for use in petroleum-based feed stream processing at
temperatures up to 350°C on a developmental basis and believes that commercial, full size filter
elements with housings and seals capable of operating at higher temperatures are possible.

Proposed Technical Approach

The approach proposed for this program to deash the coal liquid bottoms entails two steps. The
first step is ash concentration with crossflow MF. Residual oil, containing ash, is pumped
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through a ceramic membrane system operating with a transmembrane pressure of about 20-80
psi. If the feed material is generated at ambient pressure, the filtrate will be recovered at
ambient pressure. If the feed is pressurized to retain volatiles, then both the concentrate and the
filtrate from the membrane unit will be pressurized. The system pump provides the required
crossflow velocity through the membrane elements. This concentration process produces two
product streams. The filtrate, free of suspended particulates, may be further processed through
the liquefaction reactors to increase product yield. The second stream is the solids containing
concentrate. The suspended particulates level in the concentrate can be expected to range from
about 20 to 30%. After concentrating the bottoms to this solids level, 55-76% of the liquid
fraction can be recovered as filtrate if the starting mixture contains 10% solids. Additional
processing of the concentrate is necessary in order to extract most of the remaining residual oil.

To increase overall oil recovery, the concentrate can be treated by diafiltration. In this process,
shown schematically in Figure 5, a volatile solvent (e.g., a distillate product generated within
the coal liquefaction process) would be added to the concentrate and the diluted concentrate
would be further processed by crossflow MF.

Diafiltration serves to displace the resid from the concentrate with solvent. Therefore, the final
concentrate from the diafiltration section consists primarily of suspended particulates and solvent.,
While diafiltration could be used to recover essentially all of the resid from the ash-reject
stream, there will be an economic optimum for the degree of diafiltration actually employed.
The diafiltration filtrate would be flashed or distilled to recover solvent for recycle. The
diafiltration concentrate would be dried to recover solvent for recycle.

Project Technical Objectives

This program is directed towards development of an improved process for de-ashing and
recovery of coal-derived residual oil: the use of ceramic membranes for high-temperature
microfiltration and diafiltration. Using laboratory scale ceramic membrane modules, samples
of a coal-derived residual oil containing ash will be processed by crossflow microfiltration,
followed by solvent addition and refiltration (diafiltration). Recovery of de-ashed residual oil
will be demonstrated. Data from this program will be used to develop preliminary estimates for
production system capital and operating costs that will be used to assess economic feasibility.

A first objective of this program is to demonstrate technical feasibility of crossflow
microfiltration (MF) for removal of mineral matter from a coal derived residual oil. A second
objective is to demonstrate technical feasibility of diafiltration of MF concentrate using a
hydrocarbon solvent. ‘

Experimental Materials and Procedures

Two types of ceramic membranes were tested in coal liquids filtration. These lab scale
membrane modules were approximately 12 inches long and 1 inch in diameter and had 1.5 ft?
of membrane area. The passageways were square and approximately 0.07 inches on a side. The
two membranes tested had separation layers consisting of 0.05 xm diameter pore size titania and
0.01 um diameter pore size silica. Ceramic end rings were bonded onto each end of the module
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so that it could be sealed into stainless steel housings. The seal between the houéing and module
was a graphite packing seal used successfully in previous hydrocarbon testing.

The coal liquid and diluent used in these tests were obtained from Hydrocarbon Research, Inc.
in Princeton, NJ. The coal liquid was a reactor liquid flash vessel bottoms (0-43) from a recent
HRI liquefaction run (Run Number 260-004-49-T). The diluent was petroleum based,
hydrotreated start-up oil (HRI Number L-309).

The process tests were performed at Imperial Oil, Ltd. in Sarnia, Ontario Canada. Imperial Oil
had a high temperature crossflow test system designed for liquid hydrocarbon testing. The test
system was capable of heating feeds to temperatures of about 300°C, feed stream crossflow of
up to 6 gpm, and membrane inlet pressures of up to about 100 psig. The system could process
the liquids in both recycle mode and batch concentration mode. In recycle mode, the permeate
was recycled back to the feed tank resulting in no change in solids concentration in the feed
stream. In the batch concentration mode, the permeate was diverted to an alternate vessel
resulting in an increase in solids in the feed material.

Two general sets of tests were conducted on one batch of coal liquid. The flash drum bottoms
were diluted from approximately 15% total suspended solids to about 10% solids. Solids,
concentrations were determined by a THF insolubles test according to a procedure obtained from
Consol, Inc. First, filtration tests at constant solids concentration were performed to determine
the effects of membrane type, temperature, pressure, and crossflow velocity. Based on the
results of these initial tests, the membrane type and process conditions for the batch
concentration of the coal liquid to about 20% solids was determined. After this initial batch
concentration was performed on the diluted flash drum bottoms, four additional dilutions and
concentrations were performed at the same process conditions. Samples of feed and permeate
from each cycle were taken and analyzed for THF insoluble solids. These results and the-
recording of masses of each amount of liquid added to or sampled from the feed tank or
permeate stream were used to estimate the amount of residual oil left in the concentrate at the
end of each cycle. Due to the very similar boiling point curves of the petroleum-based start-up
oil and the coal derived liquid, distillation could not be used to directly determine the
concentration of residual oil in the concentrate samples.

Experimental Results

Membrane Type Evaluation

Initial process flux characterization experiments were conducted with the two different membrane
modaule types using the diluted coal liquid bottoms. The feed was charged into the system along
with one of the membrane modules and the feed was heated in recycle over the course of two
days to 265°C. Permeate flux was then measured over the course of several hours at 265°C,
240°C, and 200°C. Transmembrane pressure was 80 psig and the crossflow was about 6 gallons
per minute (gpm). Permeate samples were analyzed for non-THF soluble solids. The same
process was repeated for the second membrane type. The data for both membrane types are
included in Table 1.
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Several clear observations can be made concerning the data. First, the 0.01 ym and 0.05 um
membranes were very different in terms of process flux. The 0.05 pm membrane had a very
good crossflow process flux of over 200 kg/m?/h which was a factor of twenty higher than the
0.01 pm membrane. Second, the process flux appeared to be strongly dependent on temperature
between 200°C and 265°C. Third, non-THF soluble solids retention was very high for both
types of membranes.

Based on the membrane evaluation tests, the 0.05 um pore size titania membrane was selected
for further testing to evaluate the effects of various process parameters on membrane flux
performance. The purpose of these parametric tests was to determine the process conditions for

subsequent concentration/diafiltration process runs.

Table 1. :
Ceramic Membrane Performance in De-ashing of Coal Liquids
Evaluation 0.01 pm Silica 0.05 um Titania
Process Flux Temperature Flux Temperature Flux
°O) (kg/m2-hr) (°C) (kg/m?3-hr)
265 11 265 223
240 5 240 198
200 1.3 200 98
Solids Retention > 99.9% > 99.7%

Process Variable Evaluation

The data recorded during the process variable evaluation experiments is shown in Table 2. In
this table, the permeate flux level is shown to increase by 17% with an increase in temperature
from 200°C to 270°C. This increase appears to be small compared to the anticipated increase
based on the data obtained earlier in the project (Table 1). Data obtained on a 0.05 um pore
size titania membrane showed an increase of about 120% from 200°C to 265°C. However, the
flux performanc