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EERC DISCLAIMER 
 
LEGAL NOTICE This research report was prepared by the Energy & Environmental 

Research Center (EERC), an agency of the University of North Dakota, as an account of work 
sponsored by U.S. Department of Energy (DOE) Energy Efficiency & Renewable Energy (EERE). 
Because of the research nature of the work performed, neither the EERC nor any of its employees 
makes any warranty, express or implied, or assumes any legal liability or responsibility for the 
accuracy, completeness, or usefulness of any information, apparatus, product, or process disclosed 
or represents that its use would not infringe privately owned rights. Reference herein to any 
specific commercial product, process, or service by trade name, trademark, manufacturer, or 
otherwise does not necessarily constitute or imply its endorsement or recommendation by the 
EERC. 
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This report was prepared as an account of work sponsored by an agency of the United States 
Government. Neither the United States Government, nor any agency thereof, nor any of their 
employees, makes any warranty, express or implied, or assumes any legal liability or responsibility 
for the accuracy, completeness, or usefulness of any information, apparatus, product, or process 
disclosed, or represents that its use would not infringe privately owned rights. Reference herein to 
any specific commercial product, process, or service by trade name, trademark, manufacturer, or 
otherwise does not necessarily constitute or imply its endorsement, recommendation, or favoring 
by the United States Government or any agency thereof. The views and opinions of authors 
expressed herein do not necessarily state or reflect those of the United States Government or any 
agency thereof. 
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EERC CENTER FOR BIOMASS UTILIZATION® 2008–2010: PHASES I–III 
 
 
EXECUTIVE SUMMARY 
 
 The Center for Biomass Utilization (CBU®) 2008‒2010 project at the Energy & 
Environmental Research Center (EERC) consisted of three phases related to applied fundamental 
research focused on converting biomass feedstocks to energy, liquid transportation fuels, and 
chemicals. Each phase consisted of several tasks and subtasks, each subtask with individual goals 
and objectives. 
 

Phase I  
 
 Phase I consisted of three overall tasks and seven subtasks as follow.  
 

Task 1-08: Small-Scale Biomass Conversion to Energy, Fuels, and Bio-Based 
Chemicals Indirect Liquefaction System 

 
Subtask 1.1 – Indirect Liquefaction System 

 
 Subtask 1.1 involved designing and building a small-scale (200 lb biomass/hr), fully 
integrated, trailer-mounted indirect liquefaction system as well as testing the system on woody 
biomass. Components fabricated for the biomass-to-liquids system (BTLS) included a biomass 
gasifier for the production of clean, low-tar syngas using wood residue biomass integrated with  
1-m-long packed-bed catalytic reactors for reforming syngas to methanol fuels. This project was 
successful in testing and further developing possible indirect liquefaction technologies from those 
that currently have only been tested at the laboratory scale. Although production runs of methanol 
were much lower than initially anticipated, the results validated initial modeling of the concept 
with Aspen Plus software. By validating the modeling, the correctness of the model in predicting 
the advantages of additional system improvements has greater relevance. However, during the time 
line of this project, the cost of methanol produced from natural gas dropped by 40% because of 
the release into the gas market of great quantities of shale gas from, for example, the Marcellus 
Shale in the northeastern United States and the Bakken Formation in North Dakota and Montana. 
This reduced cost of natural gas-produced methanol will be an impediment to commercialization 
of the BTLS technology unless capital costs for the system are reduced, incentives to production 
from renewable resources are implemented, or a larger multiple trailer-type system is employed. 
Specific results and recommendations are as follows: 
 

• A mobile indirect liquefaction system can be built and operated as envisioned, but setup 
and takedown are much more involved than anticipated, implying that time operating at 
a site must also be extended. The initial vision for movement on a weekly basis is not 
economical, but more like monthly or seasonally. 

 
• Syngas compression ratios higher than originally anticipated are necessary for adequate 

methanol production. The larger compressor required was very difficult to source as the 
pressure required falls outside of commercial technology commonly available. This drove 
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the price up substantially. Only one vendor was identified in the United States that was 
willing to supply the system. 

 
• The large compressor has a large footprint and power requirements, so we now believe 

that the biggest system that can be built on a trailer is about 200 lb of wood/hr, rather than 
400 lb/hr of wood, as originally anticipated. 

 
• The engineering system model was verified with operational data, giving confidence that 

the models used to evaluate additional system technologies should have a high validity. 
 

• Several modifications and technologies need to be added to the system to increase 
production levels. The engineering model indicates a pathway to achieving production of 
up to 150 gal of methanol/ton of wood. 

 
• Assuming that the modifications to the system are made to allow production of  

100 gal of methanol/ton of wood, then the 300,000 tons of unused forest residue produced 
each year in Minnesota could be converted to approximately 30 million gal of methanol. 
A fuel cell uses approximately 1 gal of methanol to create 5 kWh of electricity, so  
30 million gal of methanol could be used to create 150,000 MWh of electricity by fuel 
cell in remote locations.  

 
• An economic analysis indicates that if grid power is used in the production of the 

methanol, the lowest production cost (after paying off construction loans) would be 
approximately $1.40/gal, whereas if extra syngas were used to power an electric 
generator, then the production cost would be only $0.83/gal.  

 
 A system twice as large, operating on two trailers instead of one, can produce methanol for 
$1.27/gal using grid power, and $0.72/gal using power produced onboard. The analysis also 
indicates that, assuming a 10-yr capital cost repayment on a double-sized system, the methanol 
production cost could be low enough that the cost of power produced in a fuel cell costing 
$2000/kW can become competitive with electricity produced in a diesel generator 
 

Subtask 1.2 – Gasifier–Solid Oxide Fuel Cell (SOFC) System 
 
 Subtask 1.2 involved integrating a 5-lb/hr thermally integrated biomass gasifier with a  
1-kWe modified planar SOFC system to produce electricity from biomass. Parametric testing was 
to be performed to integrate the gasifier and the SOFC system for optimized production of 
hydrogen and minimized tar levels in syngas produced from moist wood. While the overall project 
goals were unable to be met, this project, along with previous work performed at the EERC on the 
bench-scale gasifier, showed that the integration of the heat from a SOFC could improve overall 
efficiency and reduce costs of distributed energy production utilizing gasification. Using external 
heating for the biomass gasifier showed good tar-cracking conditions that produced a syngas that 
was predictable and near equilibrium. Tar levels from the biomass gasifier have been measured at 
a range of 8.5 to 234 ppm, depending on the operating conditions and biomass feed using external 
heating control. Levels of H2S and NH3 were measured at 30 ppm and less than 85 ppm, 
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respectively, with many of the tests producing NH3 levels lower than 10 ppm. Benzene, toluene, 
xylene (BTX) and HCl levels were less than 2 ppm and undetectable, respectively.  
 
 By utilizing thermal integration of the SOFC and the biomass gasifier, the system uses the 
excess energy on the back end of the system to increase gasifier performance on the front end, 
increasing efficiency and decreasing tar levels. This increased efficiency can more than double 
efficiencies found in conventional biomass gasification systems. This increase in efficiency 
coupled with a design for near-atmospheric pressure operational conditions can reduce capital 
expenditure (CAPEX) significantly. Basic modeling of the costs associated with this type of 
integrated system results in a capital cost estimate of $1800/kWe for power systems in the range 
of 200 kWe, with an assumption that the fuel cell stack achieves a cost target of $300/kW. Cost of 
electricity (COE) is estimated to vary between $0.04/kWh and $0.07/kW. From initial work on 
this project and previous studies at the EERC, an uncertainty in the projected costs arises because 
of the nascent market level of SOFC technology. Sensitivity analysis has shown that the capital 
cost of the SOFC and the capital recovery cost are the primary factors affecting COE. 
 

Task 2-08: Large-Scale Biomass Conversion to Energy, Fuels, and Bio-Based 
Chemicals 

 
Subtask 2.1 – Testing of Biomass in a Transport Reactor Gasifier 

 
 Subtask 2.1 involved parametric testing of biomass in a pilot-scale prototype Kellogg Brown 
and Root (KBR) transport reactor development unit (TRDU) gasification system. Operability of 
the transport reactor with 100% biomass feeding was evaluated in addition to determining the 
suitability of the cleaned syngas as boiler fuel, turbine fuel, and feed for Fischer–Tropsch (FT) fuel 
synthesis. The TRDU gasifier was fired under pressure (120 psig) at a feed rate of 300 to 400 lb/hr 
in an air-blown and/or oxygen-blown mode. Findings and conclusions from the work include the 
following:  
 

• Some difficulties were encountered in maintaining a consistent and well-controlled fuel 
feed rate with the biomass materials when compared to previous experience with coal and 
coal–biomass mixtures. Some of this was because of the variability in the moisture 
content of the wood feedstock, the fibrous nature of the biomass feedstocks, and the 
slugging flow of the solids in the TRDU, which caused some minor pressure fluctuations 
that forced some of the wet process gas back into the inclined auger, pushing the biomass 
into the TRDU mixing zone. This issue was overcome by significantly increasing the 
transport gas utilized to help push the fuel into the gasifier.  

 
• Carbon conversion for the wood and switchgrass coal was high, greater than 90% for all 

tests and generally above 95% in spite of the fact that gasifier temperatures were relatively 
low at 750° to 850°C and fuel feed rates were higher than planned.  

 
• Unlike previous coal or coal–biomass testing, gas compositions were considerably higher 

in CO than hydrogen, possibly indicating that the fuel elemental hydrogen was released 
as very light organics that were not recovered and measured in the water sample or with 
the heated cell of the Fourier transform infrared (FT-IR) instrument. 
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• Operation of the particulate control device (PCD) filter system appeared to present some 
issues, with an increasing baseline, even with minimal ash loading to the PCD. Changes 
to lower the PCD face velocity, such as reducing temperature, helped the baseline, 
suggesting that the filter pressure drop was more a function of the biomass producing 
fine, low-density carbon particles, which are more prone to pack tightly on the surface of 
the candle and to be reentrained back to the candle surface after backpulsing. 

 
• PCD particle-size distributions averaged 15 µm on wood, but the PCD size distribution 

increased to about 40 µm on the switchgrass, presumably because of the lower particle 
densities associated with switchgrass. The standpipe averaged between 300 and  
500 µm, consistent with other feedstock testing. The ash chemistry in the PCD ash 
compared very closely with the coal ash chemistry from the start of the run, while the 
standpipe ash chemistry took a couple of days to reduce the starting alumina (from the 
bauxite start-up material) to the levels of the coal ash.  

 
• Tar and organic emissions in the water samples covered a significant range from a low of 

less than 400 to almost 3500 ppmw. Organics in this range seem consistent with the level 
of organics also measured by the heated-cell FT-IR analyses. This level of organics seems 
comparable to the organics measured from previous coal-only and coal–biomass tests; 
however, the low carbon closures in the material balance would suggest that there is some 
unmeasured carbon leaving the system, probably as light hydrocarbons. 

 
• The commercial design for a transport integrated gasifier (TRIG) system with a taller 

reactor and lower velocity should result in better carbon conversion and lower organics 
in the gas stream because of the increased residence time at the high temperatures seen in 
the riser of the TRIG.  

 
 Project economics would suggest that COE will range from $55 to $145/kW, depending on 
the delivered cost of the feedstock, the size of the plant, and the required rate of return on the 
investment. 
 

Subtask 2.2 – Pilot-Scale Gasification of Turkey Litter 
 
 Subtask 2.2 focused on understanding gasification of turkey waste in the EERC’s pilot-scale 
advanced fixed-bed gasifier, which is capable of converting high-moisture fuels such woody 
biomass and high fractions of volatiles such as creosote-treated railroad ties into clean syngas. The 
objective of this effort was to demonstrate the ability of the gasifier to gasify a low-energy-density 
fuel such as turkey litter in a self-sustained steady-state mode and produce clean syngas that can 
be used in internal combustion engines. The challenging feature of the turkey waste is its complex 
composition, consisting of high-nitrogen, high-sulfur organic material, and inherently varying high 
moisture content.  

 
• Based on ultimate analysis, the C/H and C/O ratios of the turkey litter (five different 

types) are comparable to that of pine wood on a dry ash basis, while the sulfur and 
nitrogen are 5.6 and up to 380 times higher, respectively, on a dry ash-free basis. The 
largely varying moisture fraction and the presence of more than 11 inorganic species and 
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an equal number of trace metals, including Cu, Zn, and As, make the turkey litter unique 
and challenging for conversion in a commercial process. 

 
• The gasification test with 43% average-moisture-content (oat hull) turkey litter 

demonstrated 75.8% cold gasification efficiency and the production of 4.4 MJ/kg (or  
118 Btu/ft3) of syngas on a higher-heating-value (HHV) basis. 

 
• Water scrubbing effectively removes NH3 and lowers its concentration to near zero. The 

process thus recovers more than 90% fuel N2, while the remaining amount is retained in 
residues. 

 
• More than 80% of the inorganics in the particulate matter (PM) were composed of alkali 

salts, primarily K and Cl and about 7% sulfur. 
 
• The P, although it is one of the major inorganic constituents of the turkey litter, was found 

at less than a 0.2% concentration in the gas phase, which indicates that a major fraction 
of P is available in the residue and only a trace fraction leaves in the gas phase.  

 
• A major fraction of the inorganics in the water-insoluble, highly porous gasifier residue 

comprised Ca, K, P, and Mg, in addition to a small fraction of Si, Fe, Na, S, and Al. This 
composition will enable the residue to be used as a potential value-added by-product 
applied as a nontraditional fertilizer to offset the use of KP as fertilizer. 

 
• An equilibrium experiment conducted to understand the amount of char required to 

remove complex organic mixtures from the scrubber water revealed that char 
performance is similar to that found in the case of a specially developed pine wood 
activated carbon and comparable to a high-surface-area (1200-m2/g) activated carbon.  

 
 A trickling-bed experiment showed the ability of the char to remove Cu and Zn from the 
scrubber water. A single-pass experiment showed 50% removal of these metals. 
 

Task 3-08: Project Management, Educational Outreach, and Strategic Studies 
 

Subtask 3.1 – Project Management 
 
 Subtask 3.1 provided overall management for all of the Phase I activities. This included 
administering all obligations to the Energy Efficiency & Renewable Energy Office of the U.S. 
Department of Energy (DOE). All project postaward contract negotiations related to reporting, 
project extensions, and billing were handled under this subtask as well as the preparation of all 
reports and project review presentations; the management of quality assurance/quality control 
activities; the facilitation of kickoff, midproject review, and bimonthly renewables/biomass 
informational meetings with individual task leaders; and a host of miscellaneous project 
management activities.  
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Subtask 3.2 – Educational Outreach 
 
 Educational outreach and strategic studies activities included holding a workshop entitled 
“Biomass ’09: Power, Fuels, and Chemicals Workshop,” which attracted more than  
300 registrants from more than 25 states and three Canadian provinces. The workshop included a 
preworkshop tutorial focused on the fundamentals of biomass gasification for which 
approximately 100 people registered. The two-day event was held at the Alerus Center in Grand 
Forks July 14–15, 2009. It was the 7th annual biomass workshop focused on power, fuels, and 
chemicals from biomass. Attendees represented more than 180 organizations, nearly 60% of them 
from private industry. Through this subtask, project leaders and managers attended and 
participated in strategic conferences related to biomass utilization, disseminating project results 
and conducting forward planning for cutting-edge biomass utilization research in accordance with 
DOE plans and objectives. 
 
 Both of the biomass conference venues provided an amazingly productive means for DOE 
to showcase the impact of its research funds and provide growth opportunities in real-world 
biomass technologies. Information and results being generated by this project were presented to 
other researchers and industry peers. The conference/workshop venue also provided opportunities 
for networking among a wide demographic, including researchers, commercialization entities, 
government workers, developers, and the general public so as to further the cause of innovative 
research that can lead to real-world applications of biomass. The EERC presented several papers 
at each of these events and other conferences and peer review events. 
 
 In addition to the workshop- and conference-type educational activities, materials were 
developed to provide an overview of the opportunities and activities related to biomass as an 
alternative fuel in the United States, with special emphasis on the northern Great Plains region. 
These materials were incorporated into a booth display that was used for public outreach at 
numerous locations.  
 

Subtask 3.3 – Strategic Studies 
 
 The purpose of Subtask 3.3 was to explore distributed electrical generation produced from 
piston engines firing low-Btu gas from biomass gasification as an economical solution for 
industrial loads of 100 kWe–1 MWe. However, the gas must be cleaned to levels acceptable for 
engine operation. The EERC, in cooperation with Rural Energy Marketing LLC of Luverne, 
Minnesota, evaluated miscanthus—formally known as Miscanthus floridulus—as a possible 
gasification feedstock. Common names include giant miscanthus, giant eulalia grass, Japanese 
silver grass, and Amur silver grass. 
 
 It was the finding of this study that miscanthus has the potential to become a useful 
gasification fuel source but that there are technical issues that must be addressed prior to its 
practical application in an industrial setting. These issues are 1) flowability, 2) clinker formation, 
and 3) tar production. 
 
 The most significant issue that needs to be addressed for this fuel is the formation of clinkers 
due to ash composition. For large-scale gasification of miscanthus, possible reactor alternatives 
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include slagging furnaces, entrained-flow systems, or systems that incorporate clinker buster 
technology. 
 
 Secondary to clinker formation, tar production and flowability of the fuel both present 
separate and difficult issues. Tar has the potential to gum up ancillary equipment, while flowability 
issues can prevent stable and optimized performance. One possible solution to both issues is 
pelletization. Pelletizing the fuel has two influences. First, it significantly improves flowability. 
Second, it lowers the surface area of the material, which slows down the devolatilization rate, 
allowing more time for the long-chain tar molecules to crack and break down into more desirable 
compounds which, in turn, significantly lowers tar production.  
 
 It is, therefore, the recommendation of this subtask that prior to any large-scale 
implementation, follow-up work be conducted in two areas: 1) the economic feasibility of 
pelletizing miscanthus should be examined and 2) the testing of miscanthus in a system designed 
to handle low-melting-point ash should be conducted. 
 

Phase II 
 
 Phase II consisted of three overall tasks and seven subtasks as follow. 
 

Task 1-09: Small-Scale Biomass Conversion to Chemicals 
 

Subtask 1.1 – Biomass-Derived Distributed Generation of Fertilizer 
 
 The purpose of Subtask 1.1 was to develop a small, laboratory-scale processing plant 
designed and constructed to test the viability of converting biogas from anaerobic digesters and 
landfill gas to anhydrous ammonia. The goal of the project was to determine if small, distributed-
scale ammonia production can be economically accomplished in a rural setting, with the 
agricultural producer being responsible for his own supply of ammonia. 
 
 Key operating units that were designed, constructed, and operated were 1) steam methane 
reforming (SMR), 2) high-temperature shift, 3) hydrogen purification, 4) nitrogen separation from 
air, 5) ammonia synthesis, 6) ammonia capture, and 7) unreacted hydrogen and nitrogen recycle. 
Other units that were designed and construct included 1) steam generation and 2) low-temperature 
shift. The steam generation unit was operated but eventually removed from the production train as 
it was learned that direct injection of water into a hot SMR reactor was more reliable. The low-
temperature shift unit was not operated as conversion in the high-temperature shift unit was 
sufficient for project needs. 
 
 A computer control program complete with supporting electronics was developed and 
constructed. This provided for PC-based control of most of the processing plant as well as data 
logging of key numerical parameters, especially temperature and pressure. 
 
 Operating units were commissioned on an individual basis utilizing parametric testing of 
key operating variables and optimizing unit performance based upon chemical analysis of the 
products formed. In several instances, performance of key units exceeded design specifications. In 
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a few instances, minor adjusts (i.e., increasing catalyst load in a reactor) significantly improved 
unit performance and allowed the program to move forward. 
 
 In order for the 100-lb/day base case bioammonia facility to break even at a simple payback 
of 20 yr, a price of ammonia would have to be at least $1200/ton. A 20-yr payback is considered 
a break-even point for most investors since the lifespan of industrial equipment is typically  
15–25 yr. Simple payback is calculated by dividing the CAPEX by the revenue, making it 
$184,000 annually. Adding the operating expenditure (OPEX) to the revenue, the income of the 
facility would then be $485,000/yr for 420 tons, resulting in a price of $1160/ton NH3. Since the 
price of NH3 has never risen higher than $800/ton (U.S. Department of Agriculture Economic 
Research Service, 2010) (national average), a sensitivity analysis was conducted to determine the 
scale at which a bioammonia facility becomes more realistic, as shown in Figure ES-1. 
 
 

 
 

Figure ES-1. Sensitivity of scale in bioammonia economics. 
 
 

Subtask 1.2 – The Levulinate Biorefinery 
 
 The purpose of Subtask 1.2 was to depolymerize and convert waste cellulose or biomass to 
a levulinate ester and subsequently extract it by methyltetrahydrofuran (MeTHF).  

 
Specific project objectives included the following: 

 
• Acid and solid acid-catalyzed decomposition of a solubilized cellulose derivative to 

levulinate derivatives for fuel and chemical intermediates. 
 

• Condensation of levulinate with appropriate coreactants to give products valuable for 
fuels and chemicals. 
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• Hydrogenation of crude ethyl levulinate derivatives to alkylTHF, which is intended for a 
diesel blend. 

 
 The choice of feedstock for the acid-catalyzed depolymerization–dehydration of biomass 
wastes was shown to affect the yields of levulinates from the reaction. The reaction of shredded 
paper in aqueous acid gave a levulinic acid yield of 28% (weight basis), consistent with yields 
obtained previously in the same reactor with a waste wood composite.  

 
 The reaction with the cellulosic Tempico fiber derived from municipal solid waste (MSW) 
in aqueous acid was considerably lower. However, the yield of ethyl levulinate from the reaction 
in acidic ethanol was considerably higher, indicating an advantage to this type of processing. 
Isolation of ester product was relatively easy via distillation.  

 
 The yield of levulinate from pineapple waste was lower. The reason is that the pineapple is 
composed mostly of pectin, which does not readily hydrolyze and decarboxylate at 200°C. Most 
of the product is derived from the sucrose still present in the waste pineapple. There may be better 
uses for both the sucrose and the pectin.  

 
 The depolymerization–decomposition of ethyl cellulose gave mostly ethyl levulinate as the 
product in either water or ethanol. In this reaction, the ethoxy groups in the ethyl cellulose are lost 
as ethanol during the reaction, just as water is lost from the glucose units of cellulose. It was hoped 
that the greater solubility of the cellulose derivative would result in much higher yields; however, 
this was not observed.  
 
 The condensation reactions of levulinic acid obtained from the acid-catalyzed 
decompositions conducted in aqueous acid were successful, giving good conversions with furfural 
and isobutyraldehyde. Liquid acid catalysts in a solvent and solid acid catalysts without a solvent 
gave 68%–91% conversions when the temperature was over 60°C. Reactions of levulinic acid with 
furfural and isobutyraldehyde with a basic catalyst were not very successful, except for the reaction 
with isobutyraldehyde in excess of base. The reactions of levulinic acid with a solid base catalyst 
were not attempted.  

 
 Batch testing of the catalysts for the levulinate and furfural condensation was conducted in 
a small, heat-jacketed, stirred reaction vessel at 130° to 165°C. The conversion of ethyl levulinate 
was measured as the test of catalyst reactivity. The composition with the Mg/Al ratio = 3 (HT30-
500) gave the highest conversions (66%). This was slightly less than that achieved with the 
commercial catalyst at Mg/Al = 2. Addition of other elements to the composition resulted in 
inactive catalysts.  

 
 Three of the solid base catalysts were tested in a bed configuration in a continuous tube 
reactor with a mixture of ethyl levulinate and furfural in diglyme pumped through the tube at 
1 mL/min. The reaction temperature started at 60°C and was increased to 160°C. The HT30-500 
catalyst gave no conversion below 150°C, but at 160°C, 47% of the ethyl levulinate was reacted. 
The HT35-500 with Mg/Al = 3.5 gave about 30% conversion at 160°C. The HT with added Sn 
gave no reaction up to 180°C. These results show that optimum conversions are obtained with a 
catalyst composition with lower Mg/Al ratios.  
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 Most of the catalysts employed for hydrotreating the condensation products gave reduction 
products, although many of the products were only partially hydrogenated. Ruthenium, rhodium, 
palladium, platinum, and even iron and nickel gave good conversions. Rhenium was included in 
the compositions to achieve better reduction of the oxygens, but under the conditions used, few if 
any of the oxygens were reduced off. Rhenium by itself was not effective for reduction. Further 
tests at higher temperatures and longer reaction times are required to achieve conversion to the 
desired saturated cyclic ethers.  
 

Task 2-09: Thermochemical Conversion Processes 
 

Subtask 2.1 – Performance Testing of Biomass Gasification at the EERC 
 
 The purpose of Subtask 2.1 was to design a novel gasification system: 
 

• Design, construction, and shakedown of a +120-kWth gasifier on both biomass and coal. 
 

• Demonstration of operation of the gasifier. 
 
 Some of the significant findings from the study were as follows: 
 

• A fixed-bed biomass gasification system was designed, built, and made operational. The 
system’s feed rate of 2 tons a day of biomass was an excellent fit for the common, 
relatively small quantities of biomass or organic waste residue conversion. Biomass of 
this nature, such as tree trimmings, is often considered waste.  

 
• It was demonstrated that the gasifier design under this research project can consume waste 

biomass as fuel, eliminating the economic and environmental cost of landfilling many 
types of biomass. Landfill decay of biomass releases methane, which has more severe 
deleterious greenhouse gas impacts than do the emissions of a gasifier–turbine system. 

 
• The gasifier successfully gasified coal char, wood char, coal, pine wood, oak pellets, corn, 

and wood bark. Cold-syngas composition was similar for all feedstocks and characterized 
by high CO content (~15%–23%), medium hydrogen content (~6%–12%), and low 
oxygen and methane content (~1%–4%). Carbon dioxide was approximately 10% ± 2%. 
Additional gasification of coal char and coal produced substantial clinkers that adhered 
to the refractory, just above the air inlet nozzles.  

 
• The gasifier operated successfully on different fuel feedstocks, including wood pellets, 

pressed wood cubes, wood chips, coal–wood chip mixtures, mulch, sawdust, switchgrass, 
charcoal, meat and bone meal, and fish-rendering waste under a different project scope 
to understand the versatility of the system. 

 
 Research and development garnered through this project reveal that further engineering 
improvements will be necessary before accurate commercial market assessments can be made and 
commercial ventures developed. 
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Subtask 2.2 – Gasification Options for Spent Diatomaceous Earth Filter Media 
 
 The objective of Subtask 2.2 was to identify the engineering issues associated with using 
spent diatomaceous earth (DE) as a gasification fuel. DE comprises the skeletal remains of millions 
of microscopic unicellular plants, diatoms, that lived in the ancient freshwater and saltwater bodies 
of the earth more than 5 million yr ago. Today these sedimentary deposits can be found in sufficient 
quantities and purity levels to be mined and processed for a variety of end uses. The finished DE 
product comprises highly pure silica and has excellent filtration properties to meet a wide range of 
industrial filtration needs. During DE filtering, solid particles and impurities are removed by 
becoming trapped as they flow through a thin layer of DE filtering media. Currently, the spent DE 
filter cake is treated as a waste product since its market for alternative use (e.g., as animal feed) is 
limited. Despite having a high percentage of inert content, most spent DE filter cake samples have 
reasonably high fuel heating values that are comparable to biomass fuel sources. Some industries 
have tried to combust the spent DE in solid fuel boilers, but this practice is not common, possibly 
because of the increased risk of fouling from the high inert/ash content of the DE. Gasification of 
the spent DE to recover energy and reduce the amount of waste material appears to be an attractive 
option since the technology is scalable and can be distributed to the point of DE use. Frequently, 
the end users of DE are also intense consumers of energy, and there would be a ready need for grid 
power or synthesis gas that could be used in modified natural gas combustion equipment. This 
project involved three activities as follows. 
 
 Spent DE characterization – Four samples were analyzed for proximate composition, heating 
value, and ash fusion temperature. In order to further evaluate the physical handling properties of 
the fuel within a gasification system, screening tests were performed to identify the sintering 
characteristics of the fuel. After exposure, the pellets were examined for residual compressive 
strength and burnout efficiency. 
 
 Bench-scale evaluation – In order to investigate the transformation of the solid fuel under 
pyrolysis and gasification conditions, test fuels were evaluated using the EERC’s continuous fluid-
bed reactor (CFBR), a bench-scale, fluidized-bed test reactor used to evaluate fuels and produce 
small quantities of reaction products.  
 
 Engineering analysis – This activity was to identify and recommend suitable thermal 
conversion processes and by-product characterization for the types of spent DE tested, derive a 
preliminary energy and material balance for DE gasification, and estimate the economic potential 
for using DE as a fuel source. 
 
 Several conclusions can be drawn from the results of this project:  
 

• Feeding spent DE may require different approaches than those typically used for solid 
fuel feeding. The as-received DE was slightly sticky and formed clumps if compressed. 
Drying the dextrose and maltodextrose samples enabled consistent, long-term feeding, 
but an alternate feeding arrangement would be needed for the oil-based samples. 

 
• Unlike more conventional solid fuels like coal or wood, the spent DE does not undergo a 

significant change in volume during reaction. The DE itself serves as a rigid framework 
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that does not change size appreciably while the fuel is gasified. This will complicate the 
use of DE in fixed-bed gasifier designs since these systems typically rely on fuel volume 
change to assist fuel flow. 

 
• The oil-based samples showed a tendency to agglomerate when exposed to high 

temperatures for long exposure times. This would need to be monitored in any future 
application. 

 
• All samples tested with the EERC gasification equipment resulted in a low-calorific-value 

fuel gas. The calorific value of a fuel gas–combustion air mixture would be 60%–66% of 
the calorific value for an equivalent methane mixture and 56%–60% of a propane–
combustion air mixture. This gas could be used to supply heat with suitably modified 
combustion equipment.  

 
• The maltodextrose sample produced a combustible fuel gas, but the overall conversion 

efficiency was poor because of the activated carbon content. Longer reactor residence 
times are needed to use this fuel more effectively. A fluidized-bed gasifier may not be the 
best design choice for DE fuels with high fixed carbon. 

 
• Both the maltodextrose and dextrose had appreciable fuel nitrogen content, and during 

testing with each fuel, ammonia could be detected in the condensate water. Future testing 
with these fuel gases should consider potential NOx emissions. 

 
Task 3-09: Project Management, Educational Outreach, and Strategic Studies 

 
Subtask 3.1 – Project Management 

 
 The project management subtask involved general management for Phase II of this three-
phase project. Duties included administering all aspects of the project including contractual 
obligations and reporting. Management involved holding kickoff meetings with all of the subtask 
principal investigators to initiate project work, periodic project update meetings to ensure timely 
progress, and facilitation of subtask final reports.  
 

Subtasks 3.2 and 3.3 – Educational Outreach and Strategic Studies 
 
 Educational Outreach and Strategic Studies included holding a workshop entitled  
“Biomass ’10: Renewable Power, Fuels, and Chemicals Workshop,” which attracted over 300 
registrants from 25 states, the District of Columbia, and four Canadian provinces. Other countries 
represented include Austria, Brazil, China, Italy, New Zealand, and the United Kingdom. This 
year’s attendees represent 175 organizations, over 60% of them from private industry. This is the 
eighth annual biomass workshop of its kind, focused on the production of renewable energy, fuels, 
and chemicals from biomass feedstocks. The two-day event was held at the Alerus Center in Grand 
Forks, North Dakota. Through this subtask, project leaders and managers attended and participated 
in strategic conferences related to biomass utilization, disseminating project results and conducting 
forward planning for cutting-edge biomass utilization research in accordance with DOE plans and 
objectives. Also under this subtask were numerous presentations and meetings with colleagues at 
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international, national, and regional conferences to disseminate project findings supported by DOE 
under this project. 
 

Phase III 
 
 Phase III consisted of six overall tasks and 15 subtasks as follow. 
 

Task 1-10: Small-Scale Biomass Conversion 
 

Subtask 1.1 – Pilot-Scale Gasification of Spent Diatomaceous Earth Filter Media 
 
 This subtask was follow-on work to Phase II Subtask 2.2. This subtask was to evaluate the 
use of spent DE filter cake as a gasification fuel. The objective of this project was to perform a 
detailed evaluation for the on-site processing of spent DE from oil-based filtering operations. Oil 
processing, including bio-based edible and fuel oils, represents a significant market share for DE 
filtration, and it produces a spent DE filter cake that has good fuel characteristics. The EERC 
investigated the use of an indirectly heated pyrogasification unit, which was believed to offer a 
number of advantages for spent DE processing. Process data were collected by testing an externally 
heated reactor that used an auger to convey spent DE through the reaction zone. An experimental 
study of process operation included the effects of reactor temperature, fuel residence time, oxidant 
(none, steam, and air), and oxidant injection location. Additional process data were collected for 
an individual set of operating conditions and included measuring the organic vapor condensation 
profile of the fuel gas and the distribution of specific trace elements throughout the process. Based 
on an economic analysis of the process, it was estimated that the system could operate profitably, 
but the payback on capital investment is only marginally attractive using typical U.S. market 
energy and disposal cost assumptions. Therefore, the most likely future application that was 
identified for on-site spent DE processing was at locations with high local disposal costs. It is 
recommended that options for volume reduction of the ash or secondary uses for it be considered 
to improve benefits to the end user and increase the viability of on-site spent DE processing. 
 

Subtask 1.2 – Evaluation of the Performance of Coal–Biomass Blends in the EERC’s 
Entrained-Flow Gasifier 

 
 Gasification of biomass in entrained-flow gasification systems has had limited success in 
part because of the energy needed to reduce the size of the feed material. Approximately  
0.08 kWe/kWth is needed to reduce woody biomasses to a top size of 100 µm. Further challenges 
have also been discovered while handling biomass ash at gasifier temperatures. Recent economic 
studies by the DOE National Energy Technology Laboratory (NETL) have shown that 
thermochemical conversion of cellulosic material to ethanol can be cost-competitive with current 
corn ethanol processes; however, the large-scale gasification of numerous biomass feedstocks 
warrants further study. In order to ensure an abundant economical and ecologically sound supply 
of biomass, numerous potential feedstocks will need to be studied. This subtask was aimed at 
overcoming obstacles associated with the use of biomass in entrained-flow gasifiers so that the 
technological advantages of high carbon conversion and limited tar production can be realized. 
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 The biggest challenge encountered with the coal–switchgrass blend was fuel feeding. The 
material had high caking properties which led to significant challenges with the feed line and even 
with refilling the coal hopper. Once inside the gasifier, the fuel converted to syngas very easily, 
even at the lower temperature setting. The slag produced flowed easily out of the furnace tube, and 
no furnace tube plugging occurred. Syngas compositions were reasonable for the run conditions 
and could be improved upon if some of the feed issues were resolved. 
 
 Carbon conversion appeared to be very high for the test run, even at the lowest temperatures. 
Very little material reached the filter vessel. The trace metals behaved as expected, with the high-
volatile metals becoming enriched in the fly ash. 
 

Subtask 1.3 – Promoting Standardization of Combustion Characteristics for Biofuels 
 
 The purpose of Subtask 1.3 was to help establish appropriate test methods for biomass 
characterization that are acceptable and reproducible and to promote their use among industry. The 
specific objectives included a review of existing standard methods used for determining 
combustion characteristics for biomass fuel; characterization of common biomass materials, which 
included thermodynamic modeling to help predict slagging behavior; promotion of these biomass 
methods among industry through involvement in standards committees and dissemination of 
information at conferences; and evaluation of suitable biomass candidates for the development of 
standard reference materials (SRMs). 

 
 The project began with the collection and review of more than 50 analytical methods for 
biomass materials from various organizations. These included the International Organization for 
Standardization (ISO), the European Community for Standardization (CEN), ASTM International 
(ASTM), and the American Society of Agricultural and Biological Engineers (ASABE). The final 
number of methods used in this project was narrowed down to 16.  
 
 A total of ten different biomass samples were collected for this project. They included 
switchgrass, corn stover, wheat straw, dried distillers grains, beet pulp, aspen, cottonwood, 
eucalyptus, loblolly pine, and waste wood pellets.  
 
 The analytical results showed that the materials selected did indeed represent a wide range of 
chemical and physical characteristics. The ash and chlorine content varied greatly among the ten 
fuels analyzed. The alkali and alkaline-earth metals (K, Na, Ca, Mg), were much higher in the 
herbaceous biomass materials than in the woody biomass. Many of the trace metals, including 
mercury, were very low in all of the materials, which make these materials an attractive energy 
source to help reduce overall emissions. However, the low levels pose an analytical challenge to 
biomass-testing laboratories, if appropriate test methods are not available.  
 

Subtask 1.4 – Biomass Gasification to Electricity 
 
 Subtask 1.4 involved a partnership with Cummins Energy Solutions Business (ESB) and the 
EERC to develop gasification-based combined heat and power (CHP) technology in order to 
effectively utilize vast reserves of opportunity fuels such as wood waste and industrial mixed-
biomass wastes. The enabling technologies were the EERC’s advanced fixed-bed gasification 
process and Cummins’ existing line of natural gas engines for the North American market, 
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modified to operate on syngas. Currently, no standard syngas engine exists that is backed by a 
manufacturer’s performance warranty, which is a serious impediment to commercializing this 
distributed energy technology; therefore, the higher goal of the test program was to establish a 
pilot-scale CHP test facility capable of demonstrating reliable and environmentally acceptable 
performance of the integrated technology.  
 
 The goal of this project was to test the Cummins natural gas engine on syngas produced in 
the EERC’s advanced fixed-bed gasifier (AFBG). In support of the test program, Cummins ESB 
had earlier donated engine generator model GTA8.3 SLB, rated at 175 hp (130 kW), having a 
syngas control system and engine performance-monitoring and control system. The preliminary 
engine selection was based on features required for syngas operation such as engine knock 
resistance, electronic control, and a simple lean-burn configuration capable of meeting U.S. 
Environmental Protection Agency (EPA) emission (NOx and CO) limits without requiring a 
catalytic conversion system. The AFBG was operated to generate a wide range of syngas 
compositions which is a unique feature of the gasifier required to produce syngas with different 
H2/CO ratios.  
 
 The integrated gasifier–syngas engine was successfully operated and demonstrated power 
generation at several loads, reaching a maximum net power output of 16 kWe utilizing a woody 
biomass waste stream. This was achieved after facing several hurdles in getting the engine 
operational at full speed following a series of optimizations in the fuel injection system. The output 
was one-third of what was expected based on the preliminary engine selection assessment 
conducted by Cummins. 
 

Task 2-10: Bench- and Pilot-Scale Conversion of Biomass to Liquid Fuels 
 

Subtask 2.2 – Conversion of Cellulosic Biomass to Diesel 
 
 Cellulose is the structural component of plant matter and is the most abundant naturally 
occurring organic compound on earth. Researchers are investigating and developing chemical 
processes that convert plant-based cellulose into useful chemicals and fuels that have historically 
been produced from petroleum or other fossil fuels. DOE has identified a small number of potential 
intermediates obtainable from biomass resources. Levulinic acid is one such intermediate and has 
been studied by the EERC and other laboratories. Levulinic acid is typically produced by 
decomposing cellulosic feeds via sulfuric acid-catalyzed decomposition. The EERC has shown 
that conducting sulfuric acid-catalyzed decomposition in an alcohol medium directly converts 
cellulosic biomass to levulinate (C5) and formate (C1) ethyl esters. These chemicals are useful for 
fuels and chemical intermediates. A major advantage of forming levulinate esters, as opposed to 
levulinic acid, is that the ester form is much easier (i.e., less expensive) to separate out of the 
product mix. The levulinate and formate esters easily extract out and distill without decomposition. 
EERC work focused on cellulosic decomposition in batch reactors. The challenge in this work was 
to design and construct a continuous reactor system, capable of achieving results similar to the 
previously studied batch reactor system. Because the feedstock was solid biomass, a fixed-bed 
catalytic reactor was not considered because of plugging issues. Instead, a semibatch reactor was 
selected. The scope of this activity included the design and construction of a continuous cellulosic 
decomposition reactor system, process optimization activities, and fuel property testing. The work 
completed during this project demonstrated each of the three key process steps that are required to 
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convert cellulosic feedstocks into hydrocarbons via the ethyl levulinate pathway. Cellulosic 
biomass (sawdust) was converted to a product containing ethyl levulinate. Purchased ethyl 
levulinate was condensed with purchased furfural and formed a higher-molecular-weight 
condensation product. The condensation product was subsequently hydrotreated and formed a 
hydrocarbon product from which a 7-g jet fuel sample was distilled. This work demonstrated that 
it is possible to convert cellulosic feedstocks into hydrocarbon products without the use of 
enzymes. 
 

Subtask 2.3 – Production of Bio-Derived Platform Chemicals 
 
 Acrylic acid is a valuable chemical used in a variety of high-volume everyday products, 
including paints, coatings, personal care products, diapers, detergents, and numerous other 
commodity materials. In the past, acrylic acid was produced from β-propiolactone. Today, acrylic 
acid is made from propylene by partial oxidation and cryogenic separation.  

 
 Novomer, a start-up chemistry company, has developed a batch process for combining 
carbon monoxide and carbon dioxide with ethylene oxide to produce valuable 3-carbon polymer 
precursors such as β-propiolactone. Novomer envisions using renewable carbon to supply the CO 
and CO2 for its process. Because CO and CO2 can be generated from relatively simple processes 
such as gasification and combustion, Novomer’s products incorporate a significant renewable 
component without requiring significant chemical processing of the renewable feedstock. The 
products are also identical to those already derived from petroleum, making them drop-in 
compatible within the current polymer and industrial chemical market. Compatibility with existing 
large-volume petroleum-based acrylic acid products, combined with simple and proven renewable 
biomass conversion processes such as combustion and gasification to produce the required 
feedstock for production, provides an attractive near-term opportunity for Novomer’s process to 
achieve large-scale market penetration. 
  
 Novomer has developed and optimized this process in lab-scale batch reactors, identifying 
critical variables such as residence time, catalyst formulation, solvents, temperature, reactant 
concentrations, and effects of various poisons. However, because the catalyst is a liquid, it must 
be separated from the final products and recycled for continuous production. The basis for research 
under this project was to work with Novomer to assess catalyst life and develop process and 
separation strategies that would enable the creation of a continuous process. 
  
 A total of three catalyst recycle tests (CRTs) were conducted to help assess catalyst 
durability. The objective of these experiments was to achieve a higher catalyst turnover number 
than previous batch experiments by recovering the solvent–catalyst mixture and recycling it to the 
reactor for several subsequent batch experiments. These tests were intended to demonstrate higher 
succinic anhydride (SAN) production/unit of catalyst and provide an opportunity to achieve a 
turnover number of 75,000. In each of the three CRTs, only one recycle of catalyst and solvent to 
the reactor was achieved before catalyst reactivity was reduced too much to prevent further 
experimentation. 

 
 Following the completion of experiments, the EERC had intended to conduct long-term 
catalyst life experiments, conduct thermodynamic modeling of a continuous system, and assess 



ES-xix 

process economics using Aspen Plus® software. However, results from catalyst recycle tests 
indicated that the production of SAN had a negative effect on catalyst life and, therefore, further 
continuous process development and catalyst life assessment was unnecessary. With this new 
information about catalyst sensitivity to SAN, an approach change has been initiated by Novomer 
to focus on the formation of β-propiolactone and its separation from the catalyst and reactants. At 
the direction of Novomer, the project was terminated, and Novomer will proceed with process 
development of a β-propiolactone isolation approach and continuous process.  
 

Subtask 2.4 – Advanced Waste-to-Energy Development 
 
 The goal of Subtask 2.4 was to develop economically and environmentally sound 
technologies to promote efficient biopower and bioenergy, transportation biofuels, and 
bioproducts. As part of its business strategy, Wynntryst, LLC, partnered with the EERC to utilize 
the EERC’s advanced distributed gasification technology as an enabling technology platform for 
converting coffee roaster (CR) coffee production and packaging waste into energy and by-
products.  
 
 The first phase focused on understanding the fuel composition and establishing the 
preliminary feasibility of gasifying CR waste. The second phase focused on conducting a 
technology reliability study at the pilot scale and a demonstration at full scale. A CR company 
provided one waste composition and two different batches of waste material for the prefeasibility 
study, namely CR-F1, CR-F2, and CR-F3, all representing waste generated in its roasting and 
packaging plants at different sites within the United States. A rigorous effort was undertaken by 
the EERC to separate waste material received into individual components based on their 
physicochemical properties. This effort led to a general material classification based on which it 
was determined that the baseline composition is represented by CR-F3 wastes (and not CF-F1 and 
CR-F2 waste), consisting of about 55% coffee, 26% mixed plastic, and 16.6% mixed high-ash 
paper, as its major constituents.  
 
 It was found that unlike pure coffee and woody biomass, CR waste has higher volatile matter 
and less fixed carbon. The calorific value of the CR waste is higher than pure coffee or paper 
because of the presence of plastics. The sulfur content of the waste is comparable to woody 
biomass, while the high nitrogen content of CR waste is primarily due to the caffeine present in 
the waste coffee. The ash content of the CR fuels ranges from 3.1% to 5.6%. As a contribution of 
the coffee, the potassium content of the fuel is among the highest. Also, it was found, as the coffee 
is a thermally low-stability organic material, the CR-F3 waste was found to generate a large flux 
of volatiles due to a high devolatilization rate experienced under the high-heating-rate conditions 
of the gasifier. The commercial distributed-scale fixed-bed gasifiers are not designed to handle a 
large flux of the volatile matter, resulting in an increase in liability of postgasification destruction 
of refractory tars. Such gasifiers cannot be utilized to convert CR waste.  
 
 Prior to the gasification experiments, the fuel was shredded in a grinder, primarily for 
improving feeding flexibility and homogenizing more than 25 different-sized materials into a 
homogeneous blend. A series of ten different experiments were conducted with CR waste material 
with a maximum duration of 8 hr, including gasifier cold start and shutdown and total fuel 
consumption ranging from about 100 to 180 lb. CR No. 3, at an axial bed temperature between 
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500° and 700°C, was found to produce 4592 mg/m3 tar, heavier than benzene, in the hot syngas, 
while CR No. 6, with an average bed temperature of 800°C, produced 410 mg/m3 tar—an order-
of-magnitude lower tar. CR No. 10 with pure coffee feedstock proved coffee’s unstable thermal 
characteristic as a contributory factor for elevated tar and PM concentration in the syngas.  
 
 Syngas composition with a calorific value ranging between 120 and 150 Btu/ft3 is acceptable 
for electricity generation. Cummins ESB compared the syngas composition data and found the 
emission comparable to the previously estimated model data. 
 
 Based on the fuel analysis and absence of chlorinated organic species in the tar and HCl in 
the syngas, it was concluded that dioxin/furan formation is not expected in the case of gasification 
of CR waste. The wet scrubbing further eliminated the possibility of trace carryover if toxic 
compound-forming compounds escape in the syngas.  
 
 Based on an estimated CR waste generation rate of 5.1 tons/day (4.6 tonnes/day), the 
expected combined electricity and heat production by combusting syngas in the internal 
combustion engine generator is estimated to be 245 kWe and 1.34 MMBtu, respectively. This 
estimation assumes a basic parasitic loss of 15%. The remaining energy is lost in the exhaust or as 
engine surface heat loss. It is possible to recover some heat from the exhaust for partially 
preheating the engine air to meet its temperature requirements. The syngas sensible heat could be 
utilized as a plausible option.  
 

Subtask 2.5 – Liquid Biofuels Characterization 
 
 As the power industry in the United States is preparing to comply with pending regulations 
for greenhouse gas emissions, many are considering biofuels as an option to reduce CO2 or to meet 
renewable fuel mandates. Since biofuels are considered carbon-neutral fuels, the industry would 
be eligible for CO2 credits on the basis of displacement of CO2 emissions associated with fossil 
fuel-based electricity. This renewed interest in biomass as a fuel source has led to a large increase 
in the need for characterization of suitable biofuels. However, the United States is lacking in 
consistency regarding the use of appropriate testing methods for biofuels. Many in the power 
industry are still relying on methods that are suitable for fossil fuels, which may not be appropriate 
for biofuels.  
 
 The overall goal of this project was to establish appropriate test methods for biofuel 
characterization that are acceptable and reproducible. Objectives included: 
 

• Evaluation of current standards and test methods and determination of the most 
appropriate methods for biofuels. 

• Development of simple analysis aids that can be utilized to quickly assess specific biofuel 
attributes. 

• Development of a miscibility chart to aid operators in understanding which biofuels can 
be mixed and which fuels cannot. 

• Determination of corrosion potential based on acidity testing of biofuels and evaluation 
of the types of steel employed by HECO in piping pumps and tanks. 
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 Table ES-1 shows an indication of the acceptability of the tested fuel blends. These were 
determined based on their miscibility at 75°, 170°, and 220°F as well as their behavior when cooled 
to 75°F from 170° and 220°F. Blends containing biocrude and palm oil were marginal to 
unacceptable because of the large proportion of waxes at ambient temperatures. All other fuel 
blends were acceptable for use in industry. 
 
 The high wax content and/or opacity led to questionable pour point values in some tested 
blends. Of the tested blends, the crude jatropha oil–biodiesel (refined biocrude) blend would pour 
and, therefore, pump at ambient conditions, but may not at lower temperatures (<45°F). Better 
pour points could probably be obtained by using the standard method in ASTM D92, but the high 
opacity of some of the oils and oil blends could make this difficult as well. The method used to 
determine the wax appearance temperature was precise. However, it would not be simple to set up 
in the field, and it is impractical for widespread use. Conventional proximate–ultimate analysis 
and Karl Fischer water titration were sufficient to characterize biofuels for composition, heating 
value, and water content. 
 
 Measured corrosion rates were −0.10 – 0.10 mpy for most samples; negative corrosion rates 
imply either deposition or formation of corrosion products. The exceptions were brass in biocrude 
derived from animal renderings, brass in crude jatropha oil, brass in biodiesel (refined biocrude), 
brass in crude palm oil, brass in lo-pour fuel oil, and mild steel in biocrude derived from animal 
renderings. The most significant corrosion was observed on the mild steel in biocrude derived  
 
 
Table ES-1. Overall Fuel Blend Acceptability 
 

Lo-Pour 
Fuel Oil 

Hi-Pour 
Fuel Oil 

Biocrude 
(animal) 

Crude 
Jatropha 

Oil 
Crude 

Palm Oil 

Biodiesel 
(refined 

biocrude) 

Ultralow-
Sulfur 
Diesel 

Lo-Pour 
Fuel Oil 

 Not 
tested 

Marginal Yes Marginal Yes Yes 

Hi-Pour 
Fuel Oil 

  Marginal Yes Marginal Yes Yes 

Biocrude 
(animal) 

   Marginal No Not tested Yes 

Crude 
Jatropha 
Oil 

    No Yes Yes 

Crude 
Palm Oil 

     Marginal Marginal 

Biodiesel 
(refined 
biocrude) 

      Yes 

Ultralow-
Sulfur 
Diesel 
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from animal renderings; however, most of the mass removed was iron oxides according to 
scanning electron microscopy (SEM) point elemental analysis. Overall, the oils had the most effect 
on the brass samples. If possible, brass should be avoided in wetted parts in petroleum power plants 
intending to use biofuels. 
 

Subtask 2.6 – Renewable Distillate Conversion Technology 
 
 The EERC engaged with Renewable Energy Group (REG) in a project to develop a 
commercially competitive catalytic process for conversion of renewable free fatty acid (FFA) 
mixtures to normal alkanes that could be utilized as feedstock for production of fuels and 
chemicals. Funding for the project was provided in equal amounts by REG and DOE. Because the 
overall project goal was to develop and demonstrate a continuous, fixed-catalyst-bed process that 
requires minimal hydrogen consumption, project effort was focused on evaluation of commercially 
available catalysts with the potential to effect primarily decarboxylation and/or decarbonylation 
(collectively referred to as “DCO,”) rather than “reduction” as the means of FFA conversion to 
alkanes, since DCO requires significantly less hydrogen consumption than reduction.  
 
 To help understand the impact of DCO versus reduction on hydrogen consumption and 
process capital cost, the EERC developed a set of hydrogen consumption scenarios based on the 
occurrence of varying ratios of decarboxylation, decarbonylation, and reduction. Scenario 
descriptions are provided below and followed by Tables ES-2 and ES-3, which summarize 
estimated hydrogen consumption and cost of an appropriately sized hydrogen production system 
for each scenario based on utilization of beef tallow FFA and canola oil FFA feedstocks, 
respectively. 
 
• Scenario 1 encompasses olefin bond saturation and FFA conversion via 100% decarboxylation. 

Although theoretically possible, achieving decarboxylation exclusively with no reduction or 
decarbonylation is unlikely in a commercial setting; however, Scenario 1 is included as the 
theoretical minimum hydrogen consumption for each feedstock. 

 
• Scenario 2 encompasses olefin bond saturation and FFA conversion via a still very optimistic 

reaction mix of 80% decarboxylation, 7% decarbonylation, and 13% reduction. 
 
• Scenario 3 encompasses olefin bond saturation and FFA conversion via a reaction mix of about 

25% decarboxylation, 25% decarbonylation, and 50% reduction, which is represented by a 
major catalyst supplier as an achievable combination using a robust, commercially available 
hydrotreating catalyst with a vegetable oil (primarily triacylglyceride) feedstock.  

 
 In laboratory tests conducted (prior to this project) with canola oil and a commercial 
hydrotreating catalyst, the EERC validated the ability to achieve a reaction mix very similar to that 
of Scenario 3. Results derived from analytical data acquired during and after the tests showed the 
occurrence of a reaction mix of about 50% reduction–50% DCO, and a hydrogen consumption of 
about 2.3 lb/100 lb feedstock. Hydrogen production system costs shown in the tables are rough 
estimates provided by Linde Hydro-Chem and include approximate capital and installation costs.  
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Table ES-2. Hydrogen Consumption – Beef Tallow FFA Feedstock – 30 MMgal/yra Input 

Scenario 
lb H2/ 

100 lb FFA 
lb H2/ 

82,192c gal FFA 
scfb H2/ 
bbl FFA 

H2 Production System 
Cost, million $ 

1 0.33 2059 199 4.6 
2 0.65 4040 390 5.3 
3 1.56 9598 927 6.9 
a Million gal per year. 
b Standard cubic feet. 
c 82,192 gal equates to 30 million gal per year. 

 
 

Table ES-3. Hydrogen Consumption – Canola FFA Feedstock – 30-MMgal/yr Input 

Scenario 
lb H2/ 

100 lb FFA 
lb H2/ 

82,192 gal FFA 
scf H2/ 

bbl FFA 
H2 Production System 

Cost, million $ 
1 1.02 6293 608 5.8 
2 1.34 8267 799 6.6 
3 2.30 14,189 1371 8.7 
 
 
The tables illustrate the significant impact of olefin saturation on hydrogen consumption and 
hydrogen production system cost, and the relatively moderate incremental cost increase associated 
with transitioning from Scenario 2—which likely represents the lowest commercially achievable 
hydrogen consumption—to Scenario 3. None of the above hydrogen consumption scenarios 
include hydrogen demand associated with cracking, which would be required to some extent for 
production of a jet fuel-range alkane distribution and to a lesser extent for production of a diesel-
range alkane distribution.  
 
 Prior to undertaking any experimental work, a detailed review of scientific and patent 
literature related to DCO catalysts and processes was conducted. Based on the literature and patent 
review, the following three catalysts were selected for evaluation: 
 

• Palladium-on-carbon (Pd/C) 
• Palladium-on-alumina (Pd/A) 
• Nickel–molybdenum (Ni–Mo) hydrotreating catalyst 

 
 Samples of each catalyst were procured from a commercial vendor, and each catalyst 
underwent a series of continuous bench-scale tests to evaluate its performance based primarily on 
FFA feedstock conversion to nonacid products, DCO selectivity, and durability. Key outcomes are 
summarized below: 
 

• Although the literature and patent review pointed toward palladium as an ideal (although 
expensive) decarboxylation catalyst, tests conducted with commercial Pd/C and Pd/A 
catalysts yielded unpromising results. With both catalysts, overall conversion and 
decarboxylation levels were initially high but were sustainable for only a relatively short 
time, after which both performance indicators began a steady decline. Although reasons 
for the observed unsustainable performance are unclear, most of the literature data 
reviewed were associated with batch versus continuous process tests, and no literature 
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data were found to support the use of Pd as a catalyst for commercial-scale continuous 
conversion of FFAs to alkanes. 

 
• A long-term test conducted with a commercial Ni–Mo hydrotreating catalyst and a 

feedstock comprising a mixture of 50% oleic acid/50% dodecane resulted in no 
discernable negative impact on catalyst activity, lifetime, or DCO selectivity, indicating 
that high (up to 50%)-FFA-content materials may represent acceptable hydrotreating 
feedstocks. 

 
• Based on the above test and other long-term tests with the same commercial Ni–Mo 

hydrotreating catalyst, achieving steady-state operation typically took at least 200 hr and 
sometimes significantly longer. 

 
• In numerous long-term tests conducted with the above-referenced Ni–Mo hydrotreating 

catalyst and feedstocks comprising oleic acid diluted to 20% or 25% in either dodecane 
or a commercial PAO (poly-alpha olefins) solvent, the formation and slow, gradual 
growth of reactor plugs resulted in premature test conclusion. The plugs were positioned 
at the reactor inlet just upstream of the catalyst bed in the space occupied (prior to test 
initiation) by the glass wool used as the top layer catalyst packing, where the temperature 
during testing was typically about 100°C. When removed from the reactor and visually 
inspected, the plugs appeared to comprise a friable black material shaped into relatively 
brittle cylinders roughly equivalent in volume to the reactor vessel volume originally 
occupied by the glass wool catalyst packing. Because of its color, consistency, and 
apparent friability, the black material was suspected to comprise a significant amount of 
carbon, and qualitative scanning electron microscopy analysis of the plug indicated a 
significant carbon presence. Extraction of the plugs with tetrahydrofuran (THF) and 
qualitative gas chromatography–mass spectroscopy analysis of the THF extracts 
indicated that the extracts comprised primarily oleic acid (about 90%–99%) with smaller 
amounts of stearic acid and methyl stearate (about 1%–10%). Reasons for the consistent 
formation of these reactor-clogging plugs are being explored. Samples of the plugs are 
being provided to the catalyst supplier for analysis. It is anticipated that the plug analysis 
results will be helpful in developing a theorized mechanism for plug formation and a 
strategy for its mitigation.  

 
• Also based on long-term tests with the same commercial hydrotreating catalyst, 

increasing reactor temperature from a catalyst manufacturer-recommended 300°C to 
350°C (under catalyst manufacturer-recommended hydrogen level) increased conversion 
from 85% to 100% and DCO selectivity from 0.2 to 0.3, while increasing reactor 
temperature from 300°C to 400°C increased conversion from 85% to 100% and DCO 
selectivity from 0.2 to 0.4. DCO selectivity is calculated as: 

 
 Product concentration of n-C17 divided by product concentrations of n-C17 + n-C18 
 

• While the results directly above support the viability of using higher temperature to 
“push” a hydrotreating catalyst toward DCO and away from reduction, it is important to 
remember that a DCO selectivity of 0.4 means that higher-hydrogen-consumption FFA 
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reduction still accounts for 60% of FFA conversion, and the effect of high-temperature 
operation on catalyst lifetime would need to be investigated.  

 
 Data generated during the project indicate that—if maximum DCO selectivity is desired in 
the conversion of high-FFA feedstocks to distillate-range paraffins—further testing with one or 
more Ni–Mo hydrotreating catalysts to establish optimal “high-DCO-selectivity” operational 
parameters is warranted. Key objectives of the additional testing should include: 
 

• Optimizing operating conditions—including temperature, pressure, residence time, and 
hydrogen input—based on conversion of specific commercial-grade feedstocks to desired 
products. 

 
• Assessing the impact of optimized operating conditions on catalyst lifetime.  

 
 Key to conducting the above-summarized test program will be solving the above-described 
reactor plug problem. Assuming the problem is solved and high-DCO-selectivity operating 
conditions are found to be nondeleterious to catalyst life, the resulting data could be used as the 
basis for establishing hydrogen consumption scenarios for specific feedstocks, projection of 
commercial-scale hydrogen requirements, and comparison of hydrogen supply options. 
 

Task 3-10: Renewable Fuels to Heat, Power, and Products 
 

Subtask 3.1 – Distributed-Scale Solid Ammonia-Based Fertilizer Process 
Development 

 
 Ammonia and its major derivatives urea and urea–ammonium nitrate (UAN) are produced 
primarily from natural gas via the Haber–Bosch (HB) process. Depending on the price of natural 
gas, its cost represents 50% to 85% of the cost of ammonia production. Because of reliance on 
natural gas and because the HB process operates more efficiently at high pressure (which translates 
to higher capital and operating costs), modern ammonia fertilizer plants are typically located near 
large sources of low-cost natural gas and have large production capacities of 1000 to 3000 tons/day 
that enable attaining a favorable economy of scale. However, in addition to lower production costs, 
large plants can also mean higher transportation costs for portions of the nitrogen fertilizer market 
that are far removed from points of production or major import terminals like New Orleans. 
 
 Because of its reliance on natural gas as feedstock, the market price of ammonia has 
traditionally closely tracked the price of natural gas. Ammonia-to-gas price relationships have 
become much more variable since 2007, meaning that natural gas price alone may no longer 
provide an accurate indicator of ammonia price. This price uncertainty and volatility is motivating 
farmers and other agriculture industry participants to look for more predictable, controllable, and 
affordable nitrogen fertilizer procurement alternatives. 
 
 The EERC was approached by Agrebon, a small Louisville, Colorado-based company with 
an idea to develop a preliminary design package for a small-scale ammonia production plant that 
uses anaerobic digester gas (ADG) or a combination of ADG and pipeline natural gas as primary 
feedstock(s). A key driver of the Agrebon approach was the desire to produce ammonia in smaller, 
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widely distributed plants at a total cost to the farmer that is competitive with the cost of the current 
commercial model of large-scale centralized production and long-range transport. While ADG 
feedstock is available from a variety of sources, a source of primary interest to Agrebon is ADG 
produced at commercial corn-based ethanol plants via digestion of low-cost “thin stillage,” an 
ethanol coproduct. By using this low-cost ADG as feedstock, product from the distributed-scale 
ammonia production (DAP) plant would have the advantages of being renewable and thereby 
helping to reduce the carbon footprint of corn-based ethanol and helping to decrease price volatility 
and ensure local supply of a vital agricultural input. 
 
 The overall project goal was to develop a preliminary process design package for an ADG-
fed nominal 20-ton-per-day DAP plant that comprises the unit operations (unit “ops”) of: 

• ADG cleanup to the extent required to undergo catalytic steam reforming. 
 

• Catalytic steam reforming of clean ADG to yield a syngas comprising primarily 
hydrogen, carbon monoxide, carbon dioxide, and water, followed by hydrogen separation 
from the syngas to yield a hydrogen stream with a purity level of at least 99.9%. 

 
• Separation of high-purity (99+%) nitrogen from air via pressure swing adsorption (PSA). 

 
• Ammonia synthesis via reacting high-purity hydrogen with air-extracted nitrogen in a 

reactor system equipped with capabilities for ammonia condensation and recovery and 
recycle of unreacted hydrogen and nitrogen. 

 
 The project was carried out over an approximate 4-month period and comprised 1) survey 
and evaluation of commercially available candidate unit op technologies, 2) unit op technology 
selection, 3) preliminary process design, 4) preliminary assessment of system capital and operating 
costs, and 5) preliminary estimation of total DAP process carbon dioxide emissions. 
 
 The overall natural gas-to-ammonia process was conceptualized and simulated with Aspen 
Plus modeling software. The simulation encompassed separation of raw gas-contained methane 
from impurities such as sulfur compounds and carbon dioxide, reforming methane into hydrogen, 
nitrogen separation from air, and reaction of hydrogen and nitrogen to form ammonia. The model 
was optimized based on an input of 39,000 scfh of raw gas with a composition of 52% methane, 
36% carbon dioxide, and the remainder being nitrogen, oxygen, and trace amounts of sulfur 
compounds. About 350 gal/hr of water is consumed during hydrogen production, and  
120,000 scfh of air is required for combustion (to provide heat to drive the endothermic SMR 
hydrogen production reaction) and as a source of nitrogen. Approximately 1 MW of electricity is 
required, most of which is used for gas compression. 
 
 Using the quotes received from vendors for selected unit operations and smaller equipment 
pieces and ancillary plant requirements, a cost estimate for fabrication of a 20-ton/day natural gas-
to-ammonia plant was prepared. As shown in Table ES-4, the total estimated capital cost of the 
plant is $16.1 million. Also as shown in the table, the total cost estimate includes a $2.5 million 
used hydrogen production unit. The unit comes with a guarantee, and it is worthwhile to note that 
several small-scale good-condition SMR units are available from vegetable oil refiners that are  
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Table ES-2. 20-ton/day Ammonia Plant Preliminary Capital Cost Estimate 
 
 
Cost Item 

Cost 
Estimate, 
$million 

 
 

Notes 
Gas Cleanup 3.61 Includes $500K assembly cost 
Hydrogen Production/Purification 2.52 Used unit; includes $500K assembly cost 
Reverse Osmosis Water Cleanup 0.1  
Nitrogen Generation 1.4 Includes $300K assembly cost 
Ammonia Synthesis Loop 2.5 Preliminary cost estimate 
Hydrogen Compressor 1.5  
Nitrogen Compressor 0.5  
Control System 0.1  
Ammonia Storage3 and Load-Out 1.1  
Detailed Engineering 1.3  
Site Preparation 0.5 Estimate; need site-specific information 
Assembly 0.5  
Shakedown 0.5  
Total Installed Cost 16.1  
1 Less expensive unit may be available. 
2 Cost of new unit, including assembly, is $6 million. 
3 Seven (7) days worth (140 tons) of storage. 

 
 
facing reduced demand for hydrogenated vegetable oil and no longer need on-site hydrogen 
production capability. Using this 20-ton/day design and capital cost estimate as the basis, an 
analysis was performed to derive a preliminary estimate of the per-ton cost of ammonia production, 
using ethanol plant ADG (generated from thin stillage digestion) as feedstock. As shown in  
Table ES-4, ammonia production cost is $385/ton, assuming no-cost feedstock. For comparison, 
if pipeline natural gas at a price of $3.50/Mscf is used as feedstock, production cost rises to 
$464/ton. 
 

Subtask 3.2 – Fuels Testing for Poultry Waste to Energy 
 
 The EERC teamed with Denyon Energy, LLC, to conduct gasification process validation by 
demonstrating long-duration pilot testing of the turkey waste. The distributed-scale energy and by-
product recovery process is an emerging need of the poultry industry that can lead it toward 
attaining environmental and economic sustainability by becoming more energy self-reliant. 
Poultry waste gasification is one way of potentially assisting the poultry industry move toward 
energy self-reliance while addressing a manure disposal issue that the grower faces. Gasification 
is a superior thermochemical conversion process capable of converting turkey waste into a clean 
and combustible mixture of gases. The combustible mixture of gases or syngas constituting 
primarily CO, H2, CH4, CO2, and N2 can be used as fuel for electricity and heat production. In 
addition, the process can effectively recover by-products that may have unique applications and 
an existing market. The gasification process can thus open up a new avenue of converting a 
disposable liability waste into an opportunity feedstock for all sizes of poultry farms. 
 
 In order to develop an understanding of the challenges associated with the gasification of the 
turkey waste, a preliminary and limited gasification screening study was conducted by the EERC 
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in the AFBG, where it was demonstrated that self-sustained gasification and production of clean 
syngas could potentially be achieved. The advanced gasifier demonstrated exceptional operational 
control, allowing the system to accommodate a wide variety of fuels and associated char reactivity 
while still providing self-sustained steady-state gasification and the option of by-product recovery 
and plausible near-zero effluent discharge.  
 
 The outcome of the previous testing revealed that more than 80% of the inorganics in the 
PM entrained in the syngas was found to be composed of alkali salts, primarily K and Cl and about 
7% sulfur. These showed possibilities of premature gasifier failure due to high-temperature steel 
corrosion, particularly when the gasifier was operated for longer durations as expected of a 
commercial gasifier. Although the preliminary gasification experiments did not show a significant 
presence of clinkers, which was attributed to the ability of the gasifier to attain desired temperature 
owing to the design features of the AFBG, the clinker-forming tendencies of the feedstock needed 
to be further investigated when the gasifier is operated for a long duration as in a commercial setup. 
This lack of adequate understanding of the operational behavior of the gasifier when operated over 
an extended period formed the basis of the project work scope. The existing gasifier was required 
to be modified in order for the overall system to maintain its operation at a fixed and/or varying 
test conditions. As part of the project scope, therefore, a set of turkey waste gasification 
experiments were planned to understand and address the gasifier modification need. 
 
 The goal of the EERC’s work was to provide analytical and testing services to quantify the 
behavior of turkey waste feedstock in the EERC’s AFBG system. Specific objectives were to 
prepare the gasification system and balance-of-plant so that extended-duration (weeklong) 
gasification testing could be conducted with as-received turkey litter as the feed. The goal of these 
tests was to provide a preliminary set of data pertaining to operating parameters, design 
parameters, and any challenges to be addressed that could aid in bringing the AFBG poultry litter 
gasification technology to a near-term market-ready state. 
 
 The following are general conclusions from the testing: 

 
• The thermal analysis indicated that Turkey Litter is among the list of low thermal stability 

organic materials and unlike woody biomass. Such a fuel under gasifier operating 
conditions of rapid heating can generate a relatively large flux of volatile material, posing 
challenges associated with tar generation.  

 
• Maintaining char bed or carbon inventory is critical for maintaining consistent bed 

temperature and effective conversion of organics in the hot bed.  
 
• Based on the bottom residue and cyclone particle-size weight distribution, it is understood 

that the reacting bed consists of a large fraction of fine particles. Such a bed can offer 
very erratic movement as observed by rapid temperature variations, particularly when 
disturbed vigorously. 

 
• Bed movement is required; however, controlled bed movement is even more critical. 
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• It is understood that bed loss and posttransition bed recovery create excessive tar in the 
syngas. The tar speciation showed uncracked organic compounds.  

 
• The heat exchanger hot-side tube showed deposition on the upper section of the tubes 

facing cold air injection. The remainder of the tube had luster on the inside surface, 
indicating low deposition.  

 
• The preliminary water treatment study revealed the possibility of utilizing char in 

removing organics from scrubber water. This study is consistent with an earlier lab study. 
 

Task 4-10: Project Management and Strategic Studies  
 

Subtask 4.1 – Project Management 
 
 Subtask 4.1 involved general management of Phase III of this three-phase project. Duties 
included administering all aspects of the project including contractual obligations and reporting. 
Management involved holding kickoff meetings with all of the subtask principal investigators to 
initiate project work, periodic project update meetings to ensure timely progress, and facilitation 
of subtask final reports.  
 

Subtask 4.2 – Strategic Studies 
 
 In Phase III, strategic studies were integrated with educational activities and outreach (see 
Task 6-10) because of the nature of these activities related to forward planning for cutting-edge 
biomass utilization research in accordance with DOE plans and objectives. 
 

Task 5-10: Fuels of the Future Research Development Laboratory 
 
 The success of new fuel forms within energy markets requires both the development of 
lower-cost and more effective technologies and also their integration into a total system that 
provides substantial economic and environmental benefits. The success of biofuels and bioenergy 
technology development will require that components be tested in a variety of configurations to 
determine their optimal design and application. The EERC had been using the state-of-the-art 
National Center for Hydrogen Technology® (NCHT®) building for testing hydrogen technologies, 
including biomass gasification, reforming of biofuels, syngas separation and purification, and 
other experimental research activities. However, the 15,000-ft2 NCHT facility is now completely 
utilized, and additional space is required to allow expansion of this testing capability for 
development of fuels of the future. The Fuels of the Future building was proposed to focus on 
conversion of biomass and biofuel feedstocks, purification of the by-products, synthetic fuels 
production, and tailoring the various products to maximize their applicability for various markets.  
 
 The construction of the new Fuels of the Future building as an addition to the facility pilot-
scale and laboratory testing space in the existing NCHT building has been completed. The building 
addition is providing laboratory space to allow initial investigation and development of promising 
technologies as well as a pilot-scale area to allow pilot-scale testing of these technologies at the 
various stages of scale-up and system integration. 
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Task 6-10: Educational Activities and Outreach 
 
 Educational Outreach and Strategic Studies included holding a workshop entitled  
Biomass ’11: Renewable Power, Fuels, and Chemicals Workshop attracted over 262 registrants 
from 28 states and four Canadian provinces. Other countries represented included the Netherlands, 
New Zealand, and Spain.  
 
 This was the ninth annual biomass workshop of its kind, focused on the production of 
renewable energy, fuels, and chemicals from biomass feedstocks. The 2-day event kicked off at 
the Alerus Center in Grand Forks, North Dakota.  
 
 The 2-day technical program included comprehensive educational sessions on topics 
including trends and opportunities in utilizing biomass; biomass feedstocks; biofuels; and using 
biomass for creating chemicals, heat, and power. North Dakota Governor Jack Dalrymple gave the 
keynote address, and U.S. Senator John Hoeven provided video comments. Through this subtask, 
project leaders and managers attended and participated in strategic conferences related to biomass 
utilization, disseminating project results and conducting forward planning for cutting-edge 
biomass utilization research in accordance with DOE plans and objectives. Also under this subtask 
were numerous presentations and meetings with colleagues at international, national, and regional 
conferences to disseminate project findings supported by DOE under this project. 
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EERC CENTER FOR BIOMASS UTILIZATION® 2008–2010: PHASES I–III 
 
 
INTRODUCTION 
 
 The U.S. Department of Energy (DOE) Energy Information Administration (EIA) projects 
nonhydro renewable electric energy increases of 140% and liquid transportation biofuels growing 
by 32,200 barrels a day between 2012 and 2040 (U.S. Energy Information Administration, 2014). 
This is the EIA base case scenario, and this outlook could be a low estimate depending on the 
many assumptions involved in making such projections, not the least of which are climate change 
and the resultant legislation. The climate change postulate is based on increasing levels of CO2 
being introduced into the atmosphere through anthropogenic activity such as fossil fuel 
combustion for energy use. Renewable energy, and biomass conversion to energy in particular, is 
a net-zero CO2 emission generator. When biomass is converted to energy, it emits CO2; however, 
this CO2 is balanced in a cycle where the production of biomass removes CO2 from the atmosphere 
for growth and then releases it back into the atmosphere to be taken up by new growth of biomass 
feedstocks for energy. In comparison, fossil fuels are examples of CO2 that has been removed from 
the atmosphere and sequestered and which, when converted to energy, is a new addition to the 
atmospheric levels of CO2, which has been linked to climate change. While recent advances in 
technology used for extracting oil and gas from tight formations have increased the availability of 
fossil fuels for energy, the end game needs to focus on providing sustainable energy sources for 
the United States as well as the world. If, in the future, legislation is enacted that places a fee on 
atmospheric CO2 emissions, this may make the use of biomass for energy more economically 
attractive, increasing its use. Research that focuses on the future sustainability of energy 
production is part of the answer to bringing about game-changing technologies that can provide 
energy in a timely, reliable, sustainable fashion. 
 
 This Energy & Environmental Research Center (EERC) project supports the broad 
objectives of the DOE Office of Energy Efficiency and Renewable Energy (EERE) to “develop 
and deliver market-driven solutions for energy-saving homes, buildings, and manufacturing; 
sustainable transportation; and renewable electricity generation.” This is accomplished through 
innovative research at the vanguard of energy production technologies with the support and 
partnership of many commercial project sponsors, ensuring that the research is market-driven. 
Examples of the type of research conducted under this DOE EERE-sponsored program are 
biomass-to-liquids through gasification and catalytic conversion to liquids, biomass gasification 
for heat and power, biomass conversion to bioproducts, and promotion of standards for biofuels 
characterization. 
 
 
GOALS 
 
 The goal of this project was to enhance the utilization of biomass and to further develop 
technologies that can bring about a more sustainable approach to energy production and use 
through practical and inventive research. Biomass utilization is a vital component of U.S. energy 
policy and use for today as well as the future. At the heart of this project is advancing the 
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technologies that can economically utilize biomass to enhance U.S. sustainability goals set by state 
and federal agencies while reducing U.S. carbon emissions. 
 
 
OBJECTIVES 
 
 Specific objectives of the EERC Center for Biomass Utilization® (CBU®) are addressed in 
the individual tasks and activities of Phases I–III. 
 
 
REFERENCES 
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Report No. DOE/EIA 0383(2014); April 2014. 
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SUBTASK 1.1 – INDIRECT LIQUEFACTION SYSTEM 
 
 
INTRODUCTION AND BACKGROUND 
 
 Minnesota produces 300,000 tons/year of waste from its forestry operations that are not used 
in any existing or proposed facility. Through the process of indirect liquefaction, this wood waste 
could be converted into liquid fuels that could be used in remote, off-grid sites to power fuel cells 
to produce electricity. Using distributed power generation at off-grid sites saves electrical 
ratepayers from having to pay for transmission lines to be built to the sites. In addition, with this 
technology, independent electrical generators may be able to take advantage of future carbon 
credits or avoid carbon taxes applied to fossil energy-based power production. 
 
 By producing a liquid fuel for electricity generation elsewhere, overall biomass-to-electric 
power conversion efficiency is reduced relative to firing the synthesis gas, or syngas, directly in a 
generator. However, by making a liquid fuel, the site at which the power is required can be 
decoupled from the site of the biomass resource. In particular, in this project, the biomass resource 
focused on was wet legacy piles of wood waste found at sawmills throughout Minnesota. These 
are piles, often produced years ago, that still contain a significant energy content, but which have 
degraded to the point that they cannot easily be used as commercial products such as garden mulch. 
Rather than incinerating the piles, the EERC technology would turn them into a revenue stream 
through the production and sale of a near-carbon-neutral liquid fuel. An economic analysis of the 
technology indicates that wet methanol for use in a fuel cell-based electric power generation 
system could be made for as little as $0.79/gal. At the time of that analysis (January 2007), 
methanol was selling for $1.80/gal. 
 
 A strong advantage of the EERC gasification system is that it can be used with green, or in 
this case, very wet wood. This reduces the need for drying the wood before gasification, resulting 
in substantial energy and processing savings. In fact, the high moisture content shifts the gas stream 
produced to significantly higher hydrogen content than if the moisture were not present. High 
hydrogen content is especially useful when making a liquid fuel from the gas stream, since the 
hydrogen-to-carbon ratio in a liquid fuel is much greater than that of the wood itself. By increasing 
the hydrogen content in the gas stream, much higher gas conversion efficiencies can be reached. 
 
 
GOALS AND OBJECTIVES 
 
 The overall goal of this subtask was to design and build a small-scale (200-lb-biomass/hr) 
thermochemical conversion system with integrated methanol or Fischer–Tropsh (FT) fuel 
production for proof-of-concept testing and economics of the system. This subtask activity 
included the design of the system and gasification testing utilizing existing EERC gasification 
technologies to aid in the design. Specific objects to meet this goal included: 
 

• Designing a 200-lb-biomass/hr fully integrated, trailer-mounted indirect liquefaction 
system including a biomass gasifier for the production of clean, low-tar syngas integrated 
with a 1-meter-long packed-bed catalytic reactor for reforming syngas to methanol. 
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• Gasification testing to evaluate the utilization of wood for feeding and handling properties 
and gas quality. 

 
• Shakedown testing of the 200-lb/hr integrated system at the EERC’s pilot plant 

demonstration facilities. 
 

• Production and testing of the high-quality wet methanol in a 0.25- to 5-kW IdaTech fuel 
cell system to demonstrate its use for providing remote or emergency power with a 
biomass-derived fuel. 

 
• Economic evaluation of the process and system. 

 
 
EXPERIMENTAL 
 

System Design and Construction 
 
 The original concept for the technology built and tested in this project was to have a system 
that could be easily transported to a site where a nonpermanent source of wood waste was available 
and convert that wood waste into liquid fuel that could be used to create electric power at another 
site that did not have grid power available or needed backup power. It was also originally thought 
that some sort of carbon tax could be taken advantage of in this scenario to offset some of the 
higher costs associated with small-scale production. To keep operational costs to a minimum, the 
system was designed to operate with as little labor as possible. Figure 1.1-1 is a schematic that 
illustrates the overall concept of the biomass-to-liquid (BTL) system. Wood chips are fed into the 
top of the gasifier in batches of approximately 100 lb every ½ hr. In the gasifier, the wood is heated 
in the presence of a limited amount of air to convert the wood into syngas composed of carbon 
monoxide, carbon dioxide, hydrogen, water vapor, tars, and a small amount of hydrogen disulfide. 
The incompletely converted wood, known as char, and ash are augured out of the bottom of the 
furnace. The syngas passes through a wet scrubber where it is sprayed with water to remove 
entrained ash and tars, then passes through a bed of activated carbon to remove remaining volatile 
tars and H2S. The gas then passes through a particle filter to remove remaining fine particulate 
matter. The air is pulled into the gasifier, and the syngas from the gasifier, using a large fan known 
as a blower. 
 
 After the particle filter, the gas is pushed by the blower into the compressor which 
pressurizes it to 900 psi and then passes into the gas-to-liquids (GTL) reactor where it is heated to 
225°C and converted by a catalyst into a liquid that is predominantly methanol. The methanol is 
condensed at the outlet of the reactor, and the remaining gas is sent to a flare in which it is burned, 
along with any surplus gas that is not compressed. 
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Figure 1.1-1. Schematic illustrating the overall concept of the BTL system. 
 
 
 Figure 1.1-2 shows the general 3-D design of the BTL system. The sizing of the gasifier, 
heat exchangers, and gas cleanup components is such that the system extends beyond the trailer 
roof height and so requires assembly in the field.  
 
 The control area is at the front of the trailer, shown by the enclosed box on the upper trailer. 
A photo of the BTL system is shown in Figure 1.1-3. 
 

Sensors and Controls 
 
 The programming language for controlling the indirect liquefaction system is LabVIEW. 
This language has been used in both academic and industrial control applications. The EERC has 
prior knowledge and experience using LabVIEW for control applications.  
 
 The indirect liquefaction control system can be broken into two parts: a real-time controller 
(RTC) and a human–machine interface (HMI). The RTC utilizes a real-time operating system 
(RTOS) which is more robust for control systems than a general OS. Fail–safe logic and alarms 
are located on the RTC and are inaccessible to the user to prevent tampering. The RTC sorts the 
various input and output controls and device communications and allows the system to be 
programmed for part-time automatic operation, although in the system testing work done under 
the project, all controls were performed manually.  
 
 Although the RTC is present in the system, the control of the system is performed through 
the HMI, which allows an operator to monitor and control the system. This includes device control, 
data logging, real-time data trending, and system status and alarms. Noncritical system logic is 
located on this device.  
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Figure 1.1-2. 3-D drawing of the trailer-mounted gasification system. The trailer roof has been 

removed for this depiction only. Lengths are in inches. 
 
 

 
 

Figure 1.1-3. The completed BTL system. The GTL reactor and control room are behind the 
trailer curtain. 

 



1.1-5 

 The BTL gasifier and gas-cleanup system are shown in Figure 1.1-4. Figure 1.1-5 shows the 
conveyor that brings the wood chips to the top of the gasifier.  
 
 The gasifier was designed to handle approximately 200 lb of wet wood an hour, but we 
believe, based on initial operation, that over 300 lb of wet wood could be handled by the gasifier 
an hour. 
 

System Operation 
 

Fuels Tested 
 
 The bases for fuel selection were its availability and its near-zero or negative cost. The 
feedstocks selected were, therefore, two different softwoods representing widely available wood 
species of great commercial interest. Figure 1.1-6 shows the two fuels used in the experiments: a) 
chipped green poplar wood waste and b) city wood waste, primarily chipped ash trees. The green 
poplar wood waste was purchased from Dukek Logging, obtained from a site near Regal, 
Minnesota, and chipped ash trees were provided by Dwight’s Tree Service of Grand Forks, North 
Dakota. The second fuel can be considered a negative-cost fuel based on the cost associated with 
its disposal after it is chipped. Dwight’s Tree Services is required to transport chipped wood waste 
for disposal. Fuel transportation to the EERC was relatively easy, and free delivery was a primary 
motivator.  
 
 Both wood species were simultaneously chipped and truck-filled. After the receipt of 
biomass, it was placed in plastic Super Sacks weighing in the range of 750–850 lb a bag. During  
 
 

 
 

Figure 1.1-4. The BTL gasifier and gas-cleanup system. 
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Figure 1.1-5. Conveyor used to carry wood chips to the top of the gasifier. 
 
 
 
 

 
 

Figure 1.1-6. Biomass used in the experiments: a) chipped green poplar wood waste and b) city 
wood waste, primarily chipped ash. 
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the experiments, the fuel bags were hung with the help of a forklift and directly dispensed on the 
belt of the conveyor feeding system. In order to determine the weight of the fuel injected in the 
gasifier, the bags were suspended on an electronic balance fixed on the arms of a forklift.  
 
 The biomass moisture contents were first measured in 1-lb samples and found to vary from 
27% to 38%. Considering this variation to be too large, further analysis was conducted using larger 
samples containing about 5 lb each. Based on the measurements, it was determined that the green 
poplar wood waste moisture content ranged from 27% to 55%, with an average of 41%. The 
chipped ash tree moisture content ranged between 38% and 43%, with an average of 41%. It was, 
therefore, concluded that the moisture content in both fuels was similar, although the ash tree chips 
had a narrow range compared to the poplar wood chips. The moisture content was far too high for 
use in most commercial gasifier designs that can only handle partially dried wood (15% or less). 
However, the mobile indirect liquefaction system (MILS) gasifier is specially designed to handle 
wood with this level of moisture and maintain a required temperature profile such that clean syngas 
can be produced and a higher fraction of moisture can be converted to syngas. Feeding of the fuel 
was successful except for occasional bridging in the feed convergent section upstream of the 
gasifier lock hopper because of longer sticks or branches. 
 

Gasifier Operation 
 
 The gasifier can achieve a high turndown ratio once the designed operating temperature 
profile in the gasifier is achieved. During this steady-state operating condition, the gasifier has 
capabilities of maintaining desired syngas composition irrespective of the fuel composition such 
that the effect of variation of the feedstock composition has near-zero impact on the methanol 
production for that specific syngas composition. As stated above, the moisture content of the 
biomass was much higher than can be handled by other gasifier designs. It was also highly variable 
between the two fuels, but the variation in the moisture content or biomass species had no 
measurable effect on the syngas composition.  
 
 System tests were conducted to understand the effects of different feed rates and the ability 
of the gasifier to adjust to the varying operating conditions. During these tests, wet wood was 
injected at rates ranging between 150 and 165 lb/hr. A total of 3300 lb of wet wood was consumed 
during the initial period. In addition to wood chips, about 310 lb of wood charcoal was also 
consumed during the initial start-up. It was observed that the gasifier could generate combustible 
gas within 25 min after forced bed ignition during winter conditions (−4°C). Thereafter, it can be 
autoignited within 17 min if the gasifier operation is initiated within 90 hr of its previous operation. 
With an overnight shutdown (12–16 hr), combustible syngas can be generated within 4 min of 
starting the air feed. Figures 1.1-7 and 1.1-8 show the gasifier bed, wall, and pre- and postscrubber 
syngas temperature–time history measured during bed and flare ignition after both 90 hr and 
overnight shutdown.  
 
 The average syngas production rate was observed to have ranged between 80 and 95 scfm. 
In all system tests, air temperatures were below freezing. Because of the cold weather, the heat-
transfer fluid had solidified, and the reactor had to be externally heated to thaw the fluid. To 
prevent freezing, the oil pump and heater were continuously operated. The methanol catalyst was  
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Figure 1.1-7. Gasifier bed, wall, pre- and postscrubber syngas temperature–time history 
measured during bed and flare autoignition achieved after 90 hr of system shutdown. 

 
 
 

 
 

Figure 1.1-8. Gasifier bed, wall, and pre- and postscrubber syngas temperature–time history 
measured during bed and flare ignition achieved after an overnight system shutdown. 
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activated under flowing hydrogen and nitrogen at concentrations of 10% and 90%, respectively. 
The reactor temperature was ramped up to 250°C for catalyst activation. 
 
 The rate of production of methanol is dependent on the composition of the syngas, 
particularly the concentration of hydrogen. Higher hydrogen concentration in the syngas is 
preferred since it is the feedstock to the CO and CO2 hydrogenation reactions. The hydrogen 
content of the fuel and the effective utilization of the biomass moisture in the gasifier bed 
contribute to the increase in hydrogen concentration in the syngas. These conversion reactions are 
more favored at higher bed temperatures. The gasifier operation at a designed (higher) temperature 
condition becomes critical, particularly in the case of wet biomass gasification. The moisture can 
be utilized in the reactor effectively at higher operating temperatures where the reactor wall heat 
losses become significant. In a self-sustained gasification process, the desired bed temperature is 
achieved through partial oxidation of fuel and effective utilization of heat while adiabatic reactor 
conditions are maintained as closely as possible. 
 
 Figure 1.1-8 depicts the gasifier bed, wall, and pre- and postscrubber syngas temperature–
time history measured during a typical bed and flare ignition. As can be seen, the gasifier bed 
temperature slowly increases after the injection of air marked at the point of gasifier start-up. This 
start-up is initiated after 14 hr of bed cooling achieved after previous-day methanol production 
operation. The refractory wall temperature was close to 300°C at the time of start-up; however, 
the gasifier core temperature was expected to be higher. As can be seen, combustible syngas 
production, marked by “sustained flare ignition” was achieved within 5 min of the gasifier start-
up. Soon after the ignition of the gasifier bed, the bed and wall temperature increases. The rate of 
temperature increase is dependent on the heat generation and heat loss rate. The heat generated is 
a result of partial oxidation of the fuel and other overlapping exothermic gasification reactions, 
while the heat loss occurs primarily in the heating of the feedstock from room or atmospheric 
temperature to the gasification temperature and endothermic devolatilization as well as gasification 
reactions. Heat loss from the reactor wall becomes a determining factor, particularly if the gasifier 
is not insulated adequately. The capability of the blower to attain the designed operating flow rate 
also plays a critical role in maintaining the required exothermic heat profile through oxidation 
reactions. Table 1.1-1 shows the syngas composition measured at the time of flare ignition and 
after about an hour of gasifier operation. As can be seen, the increase in H2 concentration and  
 
 

Table 1.1-1. Syngas Composition at the  
Time of Ignition and after 1 hr 

Syngas Composition, vol% 
  At Flare Ignition After 1 hr  
CO 10.26 10.29 
H2O 0.22 0.25 
H2 15.21 18.37 
O2 1.11 1.12 
N2 49.45 50.88 
CO2 17.87 16.72 
CH4 2.84 1.32 
CxHy 3.04 1.05 
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decrease in CO2, CH4, and higher hydrocarbons is owing to increasing bed temperature. At this 
point in time, the gasifier bed temperature increased by about 350°C while the refractory wall 
temperature increased by 150°C. The blower speed was maintained at 20 Hz for another hour, and 
it was observed that the gasifier wall temperature increase rate had significantly reduced owing to 
the wall heat losses. It was concluded that the gasifier insulation was inadequate. Continuation of 
the experiment at full blower speed revealed the designed oxidizer/fuel throughput condition 
necessary for establishing the desired exothermic heat profile and corresponding syngas 
composition could not be achieved. While the blower was required to develop a flow rate of  
160 cfm at 10 psig, it developed only 79 acfm, or 131 scfm, most likely because of an undersized 
motor. The temperature profile determined at this operating condition was not adequate to produce 
the desired concentration of hydrogen and carbon monoxide, although the H2/CO concentration 
obtained was greater than 1 as necessary for methanol production. Based on the observed slow 
increase in the bed temperature at full-speed blower operation, it was estimated that the planned 
single-shift operations will be, timewise, inadequate to attain the desired temperature profile, and 
the syngas composition, particularly higher H2 and CO concentration and low CO2 concentration, 
would be difficult to achieve.  
 
 During the initial test campaign, the peak wood throughput attained was 264 lb/hr at a peak 
syngas production rate of 131 scfm during a methanol production test. This flow rate was less than 
the expected 160 scfm because of an underperforming syngas blower. The vacuum required was 
about 75 in. W.C. while the delivery pressure developed by the blower was 10.5 psig. In later tests 
at lower ambient temperature (all tests were performed below freezing temperatures), the pressure 
drop across the gas cleanup packed bed increased substantially because syngas water vapor froze 
in the bed matrix. The highest pressure drop experienced was during the coldest phase of the 
experiment when the measured ambient air temperature was −15°C. The total pressure drop that 
the blower had to overcome was 169 in. W.C. This condition resulted in reduction of the syngas 
flow rate to as low as 83 scfm at the maximum blower speed (instead of 131 scfm observed during 
operation at higher ambient temperature). Experiments under such conditions were suspended 
because of stalling of the syngas compressor as a result of attainment of lowest flow and inlet 
pressure limits. Insulating the packed bed should alleviate this problem in the future. A total of 
5900 lb of biomass was consumed during testing. 
 

Methanol Production 
 
 For the methanol production tests, syngas was fed to the methanol reactor at a flow rate of 
75 scfm. A typical syngas composition would be CO 15%, H2 15%, CO2 17%, N2 50%, and 
hydrocarbons 3%. During a typical run, the concentrations of each of the gas species varied by 
several percentages up and down because of fuel variability and the fact that the fuel is fed in 
batches, not continuously. The composition of the gas produced by both of the wood types tested 
was within this amount of variability, indicating no measurable difference in syngas composition 
produced by these two wood types. However, the fuels tested were both softwoods. It is expected 
that syngas compositions may vary more if hardwoods or coniferous woods were used. 
 
 The methanol reactor was operated at 210°C and 900 psi. The methanol production rate was 
approximately 10 to 20 gallons per ton of biomass for both fuels. This production rate was 
approximately half of what was predicted for this gas composition because the syngas flow rate 



1.1-11 

produced by the blower was only about half of what was predicted. In addition, a sample of 
pressurized syngas was also collected in a gas cylinder for testing the production of FT fuels using 
a laboratory reactor. 
 
 Although the methanol production rate was low, modeling with Aspen Plus software 
indicates that if the gasifier is insulated better to increase the temperature of the bed to what we 
have achieved on the pilot scale and if the blower is upgraded to get the full 160-scfm flow rate of 
syngas, then methanol production should increase to 50 gal/ton of wood. In fact, after surveying 
other methods of increasing production rates, including talking with product manufacturers, Aspen 
Plus modeling indicates that production rates can be increased considerably more. The modeling 
indicates that if a second GTL reactor were added to the system, then production rates could be 
increased to 85 gal/ton of wood. If, instead, gas separation membranes of the type used at oil 
refineries were added, then production could be increased to 100 gal/ton of wood. If, in addition 
to the gas separation membranes, a water–gas shift reactor is added to the system, then production 
could be increased to as much as 150 gal/ton of wood.  
 
 Long-term, steady-state operation of the methanol reactor has been hindered by a couple of 
operational issues. Occasional air leaks upstream of the reactor increased the concentration of 
oxygen in the syngas to 1%–2%. The oxygen vigorously reacted with the catalyst and syngas at 
the entrance of the methanol reactor, which caused unacceptably high temperature increases and 
forced reactor shutdowns. The air leaks were identified and repaired. The syngas compressor had 
difficulty providing consistent feed to the reactor as well because of low suction pressure faults. 
The root cause of the faults is an undersized blower, which pulls air through the gasifier and 
pressurizes the gas to the compressor. As a short-term solution to prevent the compressor from 
faulting, the low suction pressure limit was reduced from 5 to 1 psi. 
 
 The liquid produced by the system is of relatively high purity for a GTL process. Tests show 
that it is 89% methanol and contains approximately 6% water, 4% simple oxygenated organic 
compounds such as ethanol or dimethyl ether, and 1% aromatic compounds such as benzene and 
toluene. These numbers vary only about 1 actual percent between different samples, which is 
within the experimental error of the measuring devices. The constancy of the liquid composition 
is largely a factor of the catalyst used, which is very specific for methanol. Because the catalyst is 
so specific and because the syngases produced from the two types of wood fed were so similar, all 
of the methanol produced was combined in one barrel, and separate methanol samples produced 
from the separate types of wood feed were not analyzed. 
 
 Additional analyses showed that the liquid also contains some inorganics, including 
approximately 10 ppm iron and several ppm copper, which may or may not hinder fuel cell 
operation by creating an ash layer on the reformer catalyst and creating a light ash within a 
combustor system. The iron and copper are believed to come from the catalyst used to create the 
methanol and should drop in concentration with long-term use of the system. When the product 
comes out of the GTL reactor, it is clear, but after several hours, it begins to turn a yellowish color, 
and a precipitate forms, as seen in Figure 1.1-9, probably because of oxidation of the iron and 
condensation of waxes. Therefore, the liquid was filtered before it was sent to IdaTech for testing  
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Figure 1.1-9. Liquid methanol-based product before filtering. 
 
 
in its fuel cell reformer. Figure 1.1-10 shows the methanol after filtering. The filtering process was 
effective at removing the precipitate and reduced the iron and copper concentrations to below  
0.5 ppm, the lower detection limit of the analytical equipment. 
 

Methanol Testing by IdaTech 
 
 15 gal of the clarified methanol product was sent to IdaTech LLC of Bend, Oregon, for 
testing to determine if the methanol product could be used “as is” in a fuel cell system. IdaTech’s 
full report is included in Appendix A. The raw methanol produced in the BTL system did not meet 
the stringent specifications used for fuel purchases. In particular, IdaTech found that the dissolved 
solids were too high, and it prefers not to have aromatic compounds such as benzene and toluene 
present because those chemicals may not be chemically compatible with fuel cell system parts. 
However, IdaTech agreed to test the fuel in a reforming system of the type used to convert the 
methanol fuel back into synthesis gas containing carbon monoxide and hydrogen, which is the first 
step in how IdaTech’s system converts methanol into electricity. 
 
 The IdaTech testing ran for 113 hr. At the end of the tests, it found that deposits had formed 
in the vaporizer section of the reformer. Figure 1.1-11 shows iron pellets used in the vaporizer 
after the test with the MILS methanol versus after a test with commercial methanol. Scanning 
electron microscopy showed that the deposits were primarily made of carbon, with some potassium 
and sodium present as well. The carbon deposits likely formed from a very small amount of tar 
that made it to through the GTL reactor. These deposits could ultimately plug the vaporizer in a 
system operating for extended periods. To deal with the deposits, either the steel shot in the fuel  
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Figure 1.1-10. Liquid methanol-based product after filtering. 
 
 
 
 

 
 

Figure 1.1-11. Close-up of the steel shot used in the methanol vaporizer showing deposits formed 
from carbon and potassium. The left photo is from the vaporizer testing the MILS methanol, and 

the right photo is from tests with commercial methanol. 
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cell vaporizer will need to be replaced and regenerated periodically or the methanol will need to 
be purified. The best way to purify the methanol is either to clean the syngas better before it enters 
the GTL reactor, primarily with more extensive water scrubbing, or to condense the gas leaving 
the GTL reactor in a stepped temperature fashion. 
 

FT Catalyst Testing 
 
 In addition to the methanol production tests with the large reactor, we also tested the 
possibility of using the syngas for production of FT liquids. FT liquids consist of long-chain 
hydrocarbons that can be readily converted into diesel or jet fuel. They are made using a 
compressor and reactor similar to what is used to make the methanol from the syngas, except that 
a different catalyst is used. 
 
 To perform these tests, a gas cylinder full of syngas, collected during a BTL system gasifier 
run, was passed through a laboratory-scale reactor that had been built previously for a separate 
EERC project. Unfortunately, the FT catalyst was negatively affected by the BTL system syngas, 
largely deactivating it. The reason for the negative result is still being investigated. Initial beliefs 
are that the relatively high carbon dioxide content of the syngas in relation to the relatively low 
hydrogen content of the gas may have led to hydrothermal deactivation of the catalyst. If the 
hydrogen content of the gas stream is increased as described above, this problem would be 
alleviated. Another option would be to use a different catalyst material. 
 

Economics of the Technology 
 
 An economic analysis was performed in order to understand the feasibility of the conceptual 
BTL system to succeed commercially and to determine factors critical for its success. Based on 
EERC experience pertaining to the impact of system size on economics, the study includes a base 
case methanol production rate of 100 gal/ton of woody biomass (system size 1×) and a larger 
system (system size 2×) producing twice the hourly production rate of methanol while maintaining 
the same conversion rate of 100 gal/ton.  
 

Assumptions 
 
 The cost to produce methanol comprises direct operating costs and capital costs. The analysis 
was conducted to separately compare and highlight the impact of a debt-free plant versus a debt-
loaded plant evaluating the base case methanol production rate of 12 gal/hr for system size 1× or 
the targeted nominal production of 100 gal/ton of green woody biomass (moisture up to 40%). 
These throughputs are double for a system size 2× considered in the analysis. In additional EERC 
modeling, it was assumed that a system that could handle a feed rate of 400 lb/hr (feed moisture 
20% to 30%) could be built on a single semitrailer. However, after laboratory testing, it was 
determined that a much higher gas pressure was required in the GTL reactor and that a compressor 
producing the needed pressure has a larger footprint than originally estimated. In light of testing, 
the largest GTL system that can be put on a single trailer is one sized to handle the syngas flow 
from gasifying only 200 lb/hr (to accommodate a higher feed rate for higher than 30% moisture 
biomass), which is the size of the system built under this program. Of course, if a second trailer 
were used for the GTL system, then a system size 2× with double throughput could be employed. 
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 It is assumed in the analysis that the biomass is available at zero cost as waste products of 
forestry processing. The system requires electricity for its operation. The direct operating cost of 
purchasing the electricity from the grid can pose a significant impact on process economics. 
Considering the gasifier’s unique feature of achieving high turndown ratios, it is possible to 
produce a supplementary quantity of syngas which, along with the residual combustible gases 
removed from the methanol reactor, could be fired in a modified natural gas-burning electric 
generator to produce electricity for the BTL system. Therefore, the analysis includes two separate 
scenarios: the first one includes purchased electricity from the grid at a higher operating cost, while 
the second scenario includes production of electricity at an additional capital cost involved in 
procuring the generator which is fueled with the excess synthesis gas. Because of the zero-fuel-
cost assumption, the impact on direct operating cost as a result of almost doubling the biomass 
consumption is also assumed to be zero. 
 
 The equipment and the corresponding capital costs for 1× and 2× systems are shown in  
Table 1.1-2. For the base system 1×, the costs are estimated based on the incurred actual cost of 
building the experimental system, including the material, as well as estimated labor costs involved 
in the individual system fabrication and assembly. It is also assumed that a hydrogen separation 
membrane is employed and system insulation and a larger blower are used so that the methanol 
production rate reaches 100 gal/ton of 22% moisture wood. The 2× system costs are approximated 
based on the 1× system cost multiplied by simple multiplicative factors that were estimated based 
on prior experience. For example, the cost of the gasifier for a 2× system will be 1.5 times the 1× 
system. 
 
 The capital cost presented is based on the experience gained through the BTL system 
program and includes a price escalation of 10% in order to attain a realistic, up-to-date number. 
The labor cost was estimated based on the extent of fabrication and system assembly. A guideline 
from the practice of an established fabrication vendor was utilized for estimating the labor cost. 
The estimations utilized in arriving at the labor cost for fabricating and assembling the complete 
MILS are presented in Table 1.1-3. The total capital cost shown in Table 1.1-2 is the cost of the 
experimental system built by the EERC. There is a scope-of-cost optimization if multiple systems  
 
 
Table 1.1-2. Capital Equipment Costs for a BTL System, $ 
System Size 1× 2× 
Gasifier 271,733.62 407,600.42 
Gas Cleanup 60,775.01 91,162.52 
Feed System 49,280.00 68,992.00 
Methanol Reactor 86,604.07 129,906.11 
Electrical and Instruments 118,866.13 166,412.58 
Hydrogen Separation Membrane 50,000.00 75,000.00 
Compressor 226,283.87 407,310.96 
Trailer 35,967.40 64,741.32 
Miscellaneous Piping and Fitting 7,437.66 11,156.49 
Total Cost 906,947.76 1,422,282.41 
Optional Engine Generator, 100 kWe 100,000.00 180,000.00 
Total Cost (with engine generator) 1,006,947.76 1,602,282.41 
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Table 1.1-3. Labor Cost Estimation for Building Capital Equipment for MILS 
Labor Effort Percent Material Cost, % 
Partial Fabrication and Partial Assembly 50 
Partial Fabrication and Assembly 30 
Partial Assembly 15 
Transportation and Minor Assembly 12 

 
 
are built; however, the present analysis utilizes the current cost in anticipation that the cost 
optimization will be utilized in further improvements of the system in order to increase methanol 
yield and to include onboard electricity generation.  
 
 General assumptions for plant operation include availability of 85% and unattended 
operation. Unattended operation assumes a person is not continuously monitoring the process; 
rather, the process operates automatically and provides alarms for upset conditions (plugged filters, 
etc.), assuming that the system is used at a facility that has labor performing other duties but 
available for short times to address the upset issues. General maintenance is based on 6% of plant 
capital and includes labor, which is about a percentage higher than that recommended by Baasel 
(1990). The higher cost is due to considerations given to the complexity of the system and that a 
nominal system monitoring of about 2 hours a shift by a skilled operator would be required. 
Catalyst life is assumed to be 5 years, and costs were averaged from commercial suppliers that 
provided the catalyst for the demonstration experiment at $35.00/kg. Plant auxiliary power can be 
provided from waste energy consumed in a generator or electric grid power. The grid cost assumed 
was $0.07/kWh, primarily utilized to operate the syngas compressor, blower, and electric motors 
for the pump and screw auger. The sulfur and trace tar removal occurs in the preparatory scrubber 
systems, requiring replacement and zero disposal costs. Use is 3600 lb/yr at $3.50/lb. 
 
 
RESULTS 
 
 Operating costs for system sizes 1× and 2× are provided in Table 1.1-4. These costs are based 
on operations after repayment of capital and starting cost loans. Based on the modeling results, the 
best performance of the methanol reactor can be obtained by incorporating proprietary syngas  
 
 
Table 1.1-4. Operating Cost after Loan Repayment 

  

System Size 1×  System Size 2×  
Electricity 
Purchased 

Electricity 
Produced 

Electricity 
Purchased 

Electricity 
Produced 

General Maintenance and Partial Labor $54,417 $60,417 $85,337 $96,137 
Catalyst Replacement $840 $840 $1,680 $1,680 
Electric Power Consumption $57,334 $0 $114,668 $0 
Activated Carbon – Syngas Polishing  $12,600 $12,600 $25,200 $25,200 
MeOH Production, gal 89,352 89,352 178,704 171,258 
Total Operating Cost $125,191 $73,857 $226,885 $123,017 
Cost of Production $1.40 $0.83 $1.27 $0.72 



1.1-17 

recycling and low-cost gas separation systems included in the capital cost. The cost of methanol 
production is based on the best-case production rate of 12 gal/hr, or approximately 100 gal/ton. 
The lowest production cost based on this production rate is $1.40 in the case of the first scenario, 
but only $0.83/gal in the case of the second scenario involving generation of electricity from the 
syngas. The current cost estimation is based on a system sized for a biomass throughput of  
200 lb/hr. In addition, the cost of electricity (COE) consumption, based on the current experimental 
determination, is found to be about 18% higher than the previous estimations based on theoretical 
calculations for a 400-lb/hr biomass throughput system. Also, because of system maintenance 
experienced, the estimated general maintenance cost is about a percent (of the capital cost) higher 
than the earlier assumption. The methanol production cost is, therefore, higher because of the 
reduction in production rate without any major reduction in capital and associated operating costs.  
 
 The lowest production cost for a system size 2×, based on the production rate of 24 gal/hr, is 
$1.27/gal in the case of the first scenario, but only $0.72/gal in the case of the second scenario 
involving generation of electricity from the syngas. As can be seen, the production cost for a 
system size 2× is lower than the 1× system. 
 
 The production cost of the electricity self-sustained system is attractively low by about 41% 
and 46% for system sizes 1× and 2×, respectively; the impact of additional capital cost on the 
increased cost of financing on both system sizes is presented in Table 1.1-5. First, the economics 
are compared by assuming the investor would finance over a 5- or 10-year period at 6.5% and 
desire debt-free operation after the fifth or tenth year. Therefore, the operating cost in the debt-
loaded years includes financing of capital at 6.5%. Table 1.1-5 compares two methanol production 
scenarios for system sizes 1× and 2×. The data indicate that long-term financing with electricity 
generation can favor reducing the methanol production cost by up to 15% and 19% for system 
sizes 1× and 2×, respectively; however, the benefit is comparatively low for short-term financing 
(8% and 11% for system sizes 1× and 2×, respectively). Under such circumstances, the site-specific 
COE and its availability become deciding factors between Scenarios 1 and 2. The breakeven cost 
of production over a 20-year life is $2.42/gal and $1.93/gal for these scenarios for system size 1×  
 
 

Table 1.1-5. Operating Cost Including Loan Repayment for System Size 1× and 2× 

  

System Size 1×  System Size 2×  
Electricity 
Purchased 

Electricity 
Produced 

Electricity 
Purchased 

Electricity 
Produced 

Debt Loading, 10 yr $126,161  $140,071  $197,846  $222,885  
Debt Loading, 5 yr $218,243  $242,306  $342,250  $385,564  
Direct Operating $125,191  $73,857  $226,885  $123,017  
Total Operating, 10 yr $251,352  $213,928  $424,731  $345,902  
Total Operating, 5 yr $343,434  $316,163  $569,136  $508,581  
MeOH Production, gal/hr 12.0  12.0  24.0  24.0  
MeOH Production, gal 85,629 85,629 178,704 178,704 
Cost per Gallon Debt-Loaded, first 10 yr $2.94  $2.50  $2.38  $1.94  
Cost per Gallon Debt-Loaded, first 5 yr $4.01  $3.69  $3.18  $2.85  
Cost per Gallon Debt-Free $1.46  $0.86  $1.27  $0.69  
Long-Term – 20-yr Breakeven $2.42  $1.93  $1.99  $1.50  
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and $1.99/gal and $1.50/gal for system size 2×. These costs can be reduced as a combined effect 
of system cost and throughput optimization and increases in the methanol production rate. The 
major improvement would be in reducing the electricity requirement of the system by adopting 
system innovations. For comparison purposes, IdaTech currently pays $2.66/gal for a fuel cell-
grade methanol–water mixture. However, it is very highly purified. A methanol seller in Florida 
called to ask about the technology. He makes long-term delivery contracts for methanol at a cost 
of around $1.50/gal. Therefore, to become competitive, the mobile technology needs to reduce its 
capital cost, benefit from a green subsidy, or perhaps go even larger in size. 
 
 
COE GENERATION UTILIZING BIOMETHANOL IN A DISTRIBUTED SYSTEM 
 
 Considering that the methanol produced in the BTL system will be primarily utilized for 
distributed electricity generation in a standby generator for applications in remote locations such 
as remote health centers or communication power sources, the following cost analysis is aimed at 
determining the BTL system size as a factor in determining unit electricity production cost. Since 
the methanol-based fuel cell generators are expected to replace diesel generators, the cost of 
producing electricity in the diesel generator is also estimated for the sake of comparison. The 
generator system size is estimated based on the maximum methanol production rate for 2× systems 
which is equivalent to a continuous electricity production load of 120 kW (considering currently 
available fuel cell generation efficiency of 30% and a 24-gal/hr methanol production rate). The 1× 
system methanol production is at a 12-gal/hr rate; however, for simplicity sake, the electricity 
generator size is assumed to be 120 kW, the same as that of a 2× system, and the generator will be 
operated intermittently at full load or continuously at half load, without any impact on fuel cell 
efficiency. The cost of methanol production for a 10-year debt-loaded system calculated at a 6.5% 
interest rate is considered in calculating the methanol cost expressed in MMBtu, as shown in  
Table 1.1-6. The MMBtu cost of diesel is based on the March 2012 retail cost of $4.09. The 
equipment costs considered for diesel and fuel cell generators are $250/kW and $2000/kW, 
respectively. The cost for the fuel cell generator is an estimate made by the EERC and is not 
confirmed by IdaTech. It is assumed that these are commercial systems with a low annual 
maintenance cost of $5000/year. The system availability of 85% is considered for all of these 
systems. As seen in Table 1.1-6, methanol production has a lower cost, as in the case of a system 
size 2×, reducing unit production cost by 20%, and is within 5% of a diesel-fueled system. It is, 
therefore, concluded that methanol produced in a 2× system can compete commercially with 
diesel-fueled distributed generation if the fuel cell cost is $2000/kW. However, if the fuel cell cost 
is higher, then other cost reducers such as carbon credits will be necessary to make the BTL 
system–fuel cell concept for distributed power generation more commercially viable. 
 
 
CONCLUSIONS 
 
 This project was successful in testing and further developing possible indirect liquefaction 
technologies from those which currently have only been tested at the laboratory scale. Although 
initial production runs of methanol were much lower than initially anticipated, the results validated 
modeling of the concept with Aspen Plus software. By validating the modeling, the correctness of  
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Table 1.1-6. Cost Comparison of Distributed Electricity Generation Using Diesel Fuel 
Bought at Retail Price of in Minnesota and Methanol Produced in System Sizes 1× and 2× 
Fuel Type Diesel MeOH 
System Size  1× 2× 
Fuel Cost, $/MMBtu $29.50 $44.00 $34.20 
Capital Cost, kW $250 $2,000 $2,000 
Generator Size, kWe 120 120 120 
Total Capital, generator $30,000 $240,000 $240,000 
Yearly Maintenance $5000 $5000 $5000 
Availability 85% 85% 85% 
Efficiency 25% 30% 30% 
Annual kWh 893,520 893,520 893,520 
Interest Rate 6.5% 6.5% 6.5% 
Loan Period, yr 10 10 10 
Annual Loan Payment $4173 $33,385 $33,385 
Annual Gas Use $359,851 $447,272 $347,653 
MMBtu 12,198 10,165 10,165 
Total Annual Cost $369,024 $485,657 $386,038 
COE, $/kWh $0.413 $0.544 $0.432 

 
 
the model in predicting the advantages of additional system improvements such as those outlined 
in the previous section of this report have greater relevance. However, during the time line of this 
project, the cost of methanol produced from natural gas dropped by 40% because of the release 
into the gas market of great quantities of shale gas such as from the Marcellus Shale in the 
northeastern United States and the Bakken Formation in North Dakota and Montana. This cost 
reduction for natural gas-produced methanol will be an impediment to commercialization of the 
BTL system technology unless capital costs for the system are reduced, incentives to production 
from renewable resources are implemented, or a larger multiple-trailer-type system is employed. 
Specific results and suggestions are as follows: 
 

• A MILS can be built and operated as envisioned, but setup and takedown are much more 
involved than anticipated, implying that time operating at a site must also be extended. 
The vision now is not for movement on a weekly basis, but more like monthly or 
seasonally. 

 
• Higher syngas compression ratios are necessary for adequate methanol production than 

originally anticipated. The larger compressor required was very difficult to source as the 
pressure required falls outside of commercial technology common availability. This 
drove the price up substantially. Only one vendor was found willing to supply the system 
in the United States. 

 
• The large compressor has a large footprint and power requirements, so we now believe 

that the biggest system that can be built on a trailer is around 200 lb of wood/hr, rather 
than 400 lb/hr of wood as originally anticipated. 
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• The engineering system model was verified with operational data, giving confidence that 
the models used to evaluate additional system technologies should have a high validity. 

 
• Several modifications and technologies need to be added to the system to increase 

production levels. The engineering model indicates a pathway to achieving production of 
up to 150 gal of methanol/ton of wood. 

 
• Some modifications necessary to make a more pure methanol product were also 

identified, including more effective gas scrubbing and fractional condensation of the GTL 
product. 
 

• Assuming that the modifications to the system are made to allow production of 100 gal 
of methanol/ton of wood, then the 300,000 tons of unused forest residue produced each 
year in Minnesota could be converted to approximately 30 million gal of methanol. A 
fuel cell uses approximately 1 gal of methanol to create 5 kWh of electricity, so 30 million 
gal of methanol could be used to create 150,000 MWh of electricity by fuel cell in remote 
locations.  

 
• An economic analysis indicates that if grid power is used in the production of the 

methanol, the lowest production cost (after paying off construction loans) would be 
approximately $1.40/gal, whereas if extra syngas were used to power an electric 
generator, then the production cost would be only $0.83/gal.  

 
• A system twice as large, operating on two trailers instead of one, can produce methanol 

for $1.27/gal using grid power and $0.72/gal using power produced onboard. The analysis 
also indicates that, assuming a 10-year capital cost repayment on a double-sized system, 
the methanol production cost could be low enough that the cost of power produced in a 
fuel cell costing $2000/kW can become competitive with electricity produced in a diesel 
generator. 
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Evaluation of BioMethanol from the University of North Dakota EERC as a 
Potential Fuel for IdaTech LLC Methanol-Reforming Fuel Cell Systems 

 
 
OVERVIEW: The University of North Dakota EERC provided 15 gallons of BioMethanol to 
IdaTech LLC for evaluation and testing as a potential fuel source for methanol reforming fuel 
cell systems currently manufactured by IdaTech. IdaTech uses a methanol/water blend 
(HydroPlusTM fuel) in their methanol reforming fuel cell systems. The mixture consists of 
nominally 62 wt% methanol with the balance being de-ionized water. The quality of the fuel is 
very important since out of specification fuel can cause vaporizer plugging, reactor coking and 
reactor overheating. IdaTech requires that the methanol supplier meets IMPCA (International 
Methanol Producers and Consumers Association) methanol standards (Appendix A). 
 
CHEMICAL CHARACTERIZATION: The EERC biomethanol was blended with de-ionized water  
(57 wt% biomethanol due to the presence of heavier hydrocarbons). The mixed fuel was 
evaluated using the same tests and observations conducted by IdaTech personnel on 
HydroPlusTM methanol fuel currently in use (the testing procedure is in Appendix B): 
 
 

Test Standard Typical HydroPlus NDEERC Results 
Appearance Clear Clear Some suspended 

particles 
Fail 

Odor No unusual odor No unusual odor Strong aromatic Fail 
Water miscibility  Clear Clear Cloudy white Fail 
Boil down Compare to 

chart 
Acceptable 

residue 
Unacceptable residue Fail 

Silica  <0.5 mg/L <0.25 mg/L <0.25 mg/L Pass 
Conductivity <3 microMHO <0.2 microMHO 235 microMHO Fail 

 
 

 
 

Figure 1. Miscibility tests. 
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A sample of EERC BioMethanol was sent to Umpqua Research Company Analytical Laboratory for 
Volatile Organic Compound testing (EPA 8260). The laboratory reported the following 
concentrations of volatile organics: 
 

1,3-Dichloropropane 13.4 mg/L 
Benzene 5,520 mg/L 
Cis-1,3-Dichloropropane 2.5 mg/L 
Ethyl Benzene 34.4 mg/L 
m,p-Xylene 17.3 mg/L 
o-Xylene 5.1 mg/L 
Toluene 952 mg/L 

 
HEADSPACE ANALYSIS BY GAS CHROMATOGRAPH: A sample of the gas headspace above a 
sealed volume of the EERC BioMethanol at room temperature was analyzed by gas 
chromatograph for comparison to a similar headspace sample of HydroPlus. The EERC 
Biomethanol headspace sample revealed the presence of several hydrocarbon compounds, 
indicating the BioMethanol was incompletely refined (Figure 2). Retention times indicated on 
the chromatograms reflect times for standard components normally tested at IdaTech and their 
relative concentrations. Peaks with similar retention times are not necessarily the same as the 
component listed. Analysis was conducted with an SRI Gas Chromatograph equipped with a 
50m × 0.53mm × 15.0um HP AL/S column and FID detector. The peaks on the chromatogram 
were not positively identified by GC/MS or other means. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

Figure 2: GC headspace analysis of EERC BioMethanol sample (left) vs. HydroPlus (right). 
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BENCH TESTING: The EERC BioMethanol was filtered through a 0.5 µm PTFE membrane filter 
and blended with deionized water to produce a methanol:water mix similar to HydroPlus 
(61.8% methanol by weight). The BioMethanol was reported to contain 6% water which would 
cause the actual methanol:water mix to be lower (57.0% by weight). The excess water content 
would be beneficial by reducing the possibility of coking forming in the vaporizer or reactor. For 
bench testing, the methanol/water mix was pumped through a 1 in. o.d. × 10 in. stainless steel 
reactor loaded with reforming catalyst. Fuel was preheated by passing through a ⅜” o.d × 11 in. 
stainless steel fin-tube vaporizer loaded with 1/16 in. stainless steel shot. Both the vaporizer 
and reactor were heated in a bench-top furnace to maintain catalyst temperatures between 
350°C and 400°C at 150 psig. (Figures 3, 4) 
 

     
  Figure 3: Process and Instrumentation Diagram for Bench Testing 
 

 
 

Figure 4: Image of test bench furnace with reactor (left) and fin-tube vaporizer (right). 
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REFORMATE COMPOSITION: Gas samples were drawn from the post-reactor gas stream (also 
called the reformate stream) after the bulk of the water was removed by the condenser and 
subsequent trap. The gas samples were analyzed for basic reformate composition (Carbon 
Monoxide, Methane, Carbon Dioxide and Hydrogen) with an SRI gas chromatograph equipped 
with a Haysep D 100/120 column and for trace hydrocarbons by the SRI gas chromatograph 
equipped with the HP AL/S column. Results were compared to gas chromatograph analysis 
conducted on HydroPlus reformate from the same test set-up. (Figure 5) 
 

Basic Reformate Composition: 
 

EERC BioMethanol Reformate   HydroPlus Reformate 
CO: 9.67 – 11.56%   9.97 – 10.20% 
CH4: 0.09 – 0.37%   0% 
CO2: 15.27 – 16.33%   16.3 – 16.4% 
H2: 70.32 – 73.26%   72.1 – 72.94% 

 
 

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

Figure 5: GC analysis of reformate composition of EERC BioMethanol (left) vs. HydroPlus (right). 
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 Trace Hydrocarbons: 
 

GC analysis of the HydroPlus reformate showed no additional hydrocarbons, indicating that 
the methanol fuel had been completely converted to the expected reformate composition 
of carbon monoxide, carbon dioxide and hydrogen. (Figure 6) 

 
GC analysis of the EERC BioMethanol reformate revealed multiple hydrocarbon 
compounds. The peaks on the chromatogram were not positively identified by GC/MS or 
other means, however retention times are similar to standard retention times for methane 
through hexane. The largest peak had a retention time longer than hexene (Figure 6). 

 
The EERC BioMethanol reformate had a strong aromatic odor, similar to the fuel.  

 
 

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

Figure 6: GC analysis for trace hydrocarbons in the reformate from bench tests of EERC 
BioMethanol (left) vs. HydroPlus (right). 
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CONDENSATE EXAMINATION: Condensate, caught in the trap after the reformate gas was cooled 
by the radiator, was examined for total volume, density and composition to determine if the fuel 
was completely converted in the reactor.  
 

EERC BioMethanol Condensate 
 
  Condensate HydroPlus Condensate 
Density:  0.994 – 0.999 g/ml 0.999 – 1.003 g/ml 
Volume Condensate/Volume Fuel In:  0.206 0.130 

 
The higher ratio of condensate to fuel in the BioMethanol test is probably due, at least in part, to 
a higher concentration of water in the methanol:water fuel mix. 
 
GC analysis of condensate from the EERC Biomethanol fuel showed a prominent peak at 
approximately at the same retention time as an unidentified prominent peak that was detected 
in both the BioMethanol headspace sample and the BioMethanol reformate sample. (Figure 7).  

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

Figure 7: GC analysis of trace hydrocarbons in the headspace above a sample condensate from 
EERC BioMethanol fuel (left) vs. HydroPlus fuel (right) reforming. 
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REACTOR EXAMINATION: After testing the EERC BioMethanol fuel for 113 hours, the vaporizer 
and reformer were emptied and examined for evidence of material build-up. The reactor and 
vaporizer contents were compared to the contents of a reactor and vaporizer that were 
previously used to reform HydroPlusTM fuel in the same test apparatus and configuration.  
 
The reforming catalyst in the BioMethanol reactor appeared similar to the reforming catalyst in 
the HydroPlusTM reactor. The steel shot in the BioMethanol vaporizer showed significant black 
material deposition build-up that was not apparent on the shot from the HydroPlusTM vaporizer. 
(Figures 8, 9) 
 
 

 
 

Figure 8: Image of the contents of the reactors used to reform HydroPlus (top) and EERC 
BioMethanol fuel (second from top) and steel shot from vaporizers for EERC BioMethanol fuel 

(second from bottom) and HydroPlus (bottom). 
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Figure 9: Close-up of deposits on steel shot used in vaporizers for EERC BioMethanol (left) and 

HydroPlus (right). 
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CONCLUSIONS and RECOMMENDATIONS: The EERC BioMethanol failed five out of six fuel 
quality tests and would be rejected as a fuel in IdaTech’s methanol fueled fuel cell systems. 
Additional observations were: 

 
1) The conductivity of the EERC BioMethanol is 78× greater than the maximum allowed by 

IdaTech specifications and 1175 × higher than the HydroPlus fuel provided by a 
commercial fuel supplier. The higher conductivity indicates the presence of excessive 
concentrations of dissolved solids that could cause premature failure of the systems. 

 
2) Significant deposits were noted in the vaporizer of the test reactor for the EERC 

BioMethanol bench test after only 113 hours of testing. These deposits would soon plug 
the vaporizer and/or reactor of IdaTech’s fuel cell systems, causing system failure. 

 
3) The presence of undesirable trace hydrocarbons in the EERC BioMethanol, in particular 

0.55% wt/vol. Benzene, present unnecessary health and environmental concerns.  
 

4) Benzene and other impurities, including Toluene and Xylene, in the EERC BioMethanol 
are chemically incompatible with EPDM diaphragms used in fuel pumps and silicone 
rubber seals elsewhere in IdaTech’s fuel cell systems.  

 
5) The presence of multiple hydrocarbons in the reformate stream could present 

unanticipated problems in downstream processes in the ME systems (poisoning of the 
membrane purifier). No further testing was conducted in full systems due to the 
unsuitability of the EERC BioMethanol fuel. 

 
 
 
 
Bruce A. Johnson 
Test Technician, IdaTech LLC 
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SUBTASK 1.2 – GASIFIER–SOLID OXIDE FUEL CELL (SOFC) SYSTEM 
 
 
INTRODUCTION AND BACKGROUND 
 
 The U.S. Energy Information Administration recently reported that biomass renewable 
energy consumption in the electric power sector will grow from 1.9 quadrillion Btu in 2012 to  
4.5 quadrillion Btu in 2040, with biomass accounting for 27% of the growth (U.S. Energy 
Information Administration, 2014). This does not begin to utilize all of the potential for biomass 
energy production. One of the main challenges facing more biomass utilization is the energy 
density of most biomass resources. In many cases, ideal biomass fuel sources are more economical 
to landfill than to convert to energy. Low energy density and the distributed nature of biomass 
make transportation costs to a centralized power plant for conversion prohibitively expensive. In 
many cases, revenue saved from eliminating the costs of disposing of the biomass can offset the 
increased cost of biomass heat and power production through distributed biomass utilization. 
However, even with this economic benefit, conventional conversion technologies are just not 
suited for converting solid carbonaceous fuel to electricity at plant sizes that match the distributed 
biomass resources, between 200 kWe and 1 MWe. Studies have shown that conventional power 
plants below approximately 10 MWe are economically unviable (Schmidt and Pinapati, 2000). 
Novel technologies and new ways of utilizing existing technology to take advantage of the 
abundant biomass resources available in the United States are needed. 
 
 
PROJECT GOAL 
 
 The overall project goal was to develop a small-scale system for a thermally integrated 
biomass gasifier and 1-kWe modified planar SOFC system to produce electricity from biomass. 
The system design was to integrate syngas from an existing EERC 4–5-lb/hr fixed-bed gasifier 
directly with a SOFC stack for biobased electricity production. To meet this goal, the following 
specific objectives were to be completed: 

 
• Modify an existing EERC bench-scale gasifier to produce ultralow-tar syngas from wood 

residues and other potential biomass feedstocks.  
 

• Utilize inherent heat from the SOFC to heat the gasifier for added efficiency. 
 

• Maintain gasifier temperatures at or above 800°C to promote primary tar cracking within 
the gasifier, reduce the air input, and stabilize the thermal profile of the gasifier. 

 
 In addition to wood biomass, we intended to investigate the feasibility of gasifying digester 
sludge. For manure and other biomass utilized in anaerobic digesters, as much as 50% of the input 
biomass to a digester exits the digester unconverted. This can present a significant waste disposal 
issue as well as reduce the overall efficiency of the system. Wet digester sludge will be investigated 
to determine the feasibility of integrating a gasifier and digester into a complete system for SOFC 
energy production and waste disposal. A power system able to convert waste biomass to electricity 
on-site would provide dual revenue streams. Electricity and heat could be produced to reduce base 
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utility costs or sell onto the grid. The utilization of a waste biomass would reduce disposal costs. 
The net gain from both revenue streams would provide a faster payback to the owner, providing a 
market pull for the technology.  
 
 As in previous work at the EERC, this project would utilize a systems-level approach where 
the high-quality waste heat from a SOFC stack would be used to externally heat the biomass 
gasification reactor. This integrated approach would provide a controllable heating profile for the 
reactor, creating an ideal gasification and tar-cracking environment in the reactor. This design 
would have the potential to significantly reduce the tar levels in the producer gas and produce a 
near-equilibrium gas composition that may be used directly in a SOFC. The reduction in capital 
and operating costs as a result of the cleaner raw producer gas from the biomass reactor increases 
the overall economics for the system in smaller size ranges. 
 
 
EXPERIMENTAL 
 
 For this project, an existing EERC stratified cocurrent gasifier was chosen as the gasification 
technology because of its simplicity, easy scalability from 10 kWth to 2 MWth, and extremely low 
tar production. A SOFC was chosen as the electricity converter because of its increased tolerance 
to contaminants, ability to utilize carbon monoxide and methane as fuel, lower projected 
maintenance costs, high efficiency, and high-temperature anode and cathode effluent streams. In 
a larger-scale system, high-temperature effluent from the anode would be combusted with the 
depleted oxygen airstream from the cathode. The high-temperature combustion product would 
then be used to maintain gasification reactor temperature through indirect heating of the various 
gasification zones of the gasifier. This enables the integrated system to utilize high-moisture 
biomass (up to 40%) under very low equivalence ratios (ERs). The lower ER improves gas quality 
from approximately 5 MJ/kg (in a self-sustained, stand-alone downdraft gasifier) up to a 
theoretical maximum of 20 MJ/kg. This makes the system design unique in terms of its ability to 
utilize low-grade fuel (biomass) for producing electricity at theoretical system efficiencies 
approaching 40%. 
 
 
TEST RESULTS 
 
 The EERC ran bench-scale tests on the Solid Cell SOFC and multifuel reformer where a 
variety of gaseous and liquid fuels were reformed in the multifuel reformer and used to operate the 
Solid Cell 100-W SOFC stack to produce power. Figure 1.2-1 shows the configuration of the 
reformer and SOFC stack in the furnace prior to testing. The gaseous fuels tested were hydrogen, 
methane, propane, and butane. The liquid fuels tested were ethanol, 87 octane gasoline, and diesel. 
The open-circuit voltage varied from 5.6 to 5.8 volts for the gaseous fuels. For the liquid fuels, 
ethanol had the highest open-circuit voltage at 5.4 to 5.6 volts. Both gasoline and diesel produced 
open-circuit voltages of 4.6 volts. 
 
 The initial test plan was to perform current–voltage (I–V) curves on all fuels and operate the 
fuel cell on a 500-W motor and a Verizon charger to demonstrate real-world applicability. During  
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Figure 1.2-1. Configuration of Solid Cell reformer and SOFC in furnace. 
 
 
testing, malfunction of the load center prevented the recording of I–V curves for the fuels named 
above. However, the fuel cell successfully operated a 500-W permanent magnet motor at 
approximately 100 W and successfully charged a Verizon cell phone with no adverse effects to the 
Verizon charger.  
 
 During the second day of testing, malfunction of the airflow controller while operating on 
diesel fuel reduced air input to the reformer, causing coking in the fuel lines. This required 
shutdown of the system and dismantling of the fuel cell to diagnose the operability of the fuel cell. 
While coking was observed in the fuel lines, no carbon or coking wash observed on the SOFC 
cells during posttest dismantling of the fuel cell. All indications are that the SOFC stack is still 
operable, which is a testament to the robustness of the fuel cell under adverse operating conditions. 
The input section of the fuel cell after dismantling is shown in Figure 1.2-2. 
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Figure 1.2-2. Posttest image of the Solid Cell SOFC after coking of the 
fuel lines causes shutdown of the testing. 

 
 
 Subsequent to this experimental activity, Solid Cell personnel oversaw the construction of a 
1-kW SOFC at the EERC. During initial start-up and testing of the fuel cell, an accidental episode 
caused the SOFC to short out and be rendered unusable. This prompted Solid Cell to withdraw 
from the activity, and further work on the project was halted. 
 
 
CONCLUSIONS 
 
 While the overall project goals were unable to be met, this project along with previous work 
performed at the EERC on the bench-scale gasifier showed that the integration of the heat from a 
SOFC could improve overall efficiency and reduce costs of distributed energy production utilizing 
gasification. Using external heating for the biomass gasifier showed good tar-cracking conditions 
that produced a syngas that was predictable and near equilibrium. Tar levels from the biomass 
gasifier have been measured at a range from 8.5 to 234 ppm, depending on the operating conditions 
and biomass feed using external heating control. Levels of H2S and NH3 were measured at 30 ppm 
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and less than 85 ppm, respectively, with many of the tests producing NH3 levels lower than  
10 ppm. BTX and HCl levels were less than 2 ppm and undetectable, respectively.  
 
 By utilizing thermal integration of the SOFC and the biomass gasifier, the system uses the 
excess energy on the back end of the system to increase gasifier performance on the front end, 
increasing efficiency and decreasing tar levels. This increased efficiency can more than double 
efficiencies found in conventional biomass gasification systems. This increase in efficiency 
coupled with a design for near-atmospheric pressure operational conditions can reduce capital 
expenditure (CAPEX) significantly. Basic modeling of the costs associated with this type of 
integrated system result in a capital cost estimate of $1800/kWe for power systems in the range of 
200 kWe, with an assumption that the fuel cell stack achieves a cost target of $300/kW. Cost of 
electricity (COE) is estimated to vary between $0.04/kWh to $0.07/kW. From initial work in this 
project and previous studies at the EERC, an uncertainty in the projected costs arises because of 
the nascent market level of SOFC technology. Sensitivity analysis has shown that the capital cost 
of a SOFC and the capital recovery cost are the primary cost factors affecting COE.  
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SUBTASK 2.1 – TESTING OF BIOMASS IN A TRANSPORT REACTOR GASIFIER 
 
 
INTRODUCTION AND BACKGROUND 
 
 The EERC has been actively involved in the power industry for the past four decades, 
developing power production technologies to sustain clean and efficient energy. The EERC has 
undertaken new research initiatives with the U.S. Department of Energy (DOE), U.S. energy 
producers, and various international organizations to minimize global warming through increased 
use of biomass fuels. Renewable fuels such as biomass, unlike fossil fuels, do not add net CO2 to 
the global atmospheric pool. Most energy experts agree that biomass power can contribute 
significantly to the world’s future energy needs and, at the same time, provide a significant 
reduction in the net atmospheric emission of greenhouse gases.  
 
 The benefits of biomass utilization include: 
 

• Reduced U.S. dependence on foreign oil imports and increased security. 
• Reduced emissions of NOx, SOx, and other pollutants. 
• Decreased greenhouse gas emissions.  
• Increased profitability for biomass-related commercial activities. 
• New markets and revenue streams for rural areas.  
• A wider range of fuel choices for electric power, transportation fuels, and industrial 

energy and new raw materials for commercial products. 
 
 One of the technologies being developed for advanced electric power-generating systems is 
an integrated gasification combined cycle (IGCC) that converts carbonaceous fuels to a 
combustible gas, cleans the gas of pollutants, and combusts the gas in a gas turbine to generate 
electricity. The hot exhaust from the gas turbine is used to generate steam to generate more 
electricity from a steam turbine cycle. The use of advanced hot-gas particulate and sulfur control 
technologies together with the combined power generation cycles make IGCC one of the cleanest 
and most efficient ways available to generate electric power. Specific program goals for these 
systems include net electric system efficiency of greater than 50%; SO2 and NOx emissions at one-
tenth or lower than New Source Performance Standards (NSPS), exceeding 1990 Clean Air Act 
Amendment levels for air toxic emissions; and achieving a capital cost of less than $1000/kW. 
One of the more recent gasification concepts to be investigated is that of the transport reactor 
gasifier, which functions as a circulating fluid-bed gasifier while operating in the pneumatic 
transport regime of solid particle flow. This gasifier concept provides excellent gas–solid 
contacting of relatively small particles to promote high gasification rates and also provides the 
highest fuel throughput per unit cross-sectional area of any other gasifier, thereby reducing the 
capital cost of the gasification island. 
 
 Another potential goal of the IGCC product line is to convert carbonaceous fuel to valuable 
fuels or chemicals in addition to directly converting it into electricity. Oxygen-blown gasifiers are 
also preferred for chemicals and fuels production in order to reduce the amount of inert N2 
processed in subsequent unit operations. IGCC is unique in that it has high fuel and, under oxygen-
blown conditions, can produce value-added coproducts such as syngas for Fischer–Tropsch (FT) 
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liquids production or other chemicals production, or high-value components such as hydrogen can 
be concentrated with gas separation membranes or similar technologies. As lower-cost air 
separation concepts are being developed, the economics of oxygen-blown systems should become 
more favorable with air-blown IGCC systems for power production.  
 
 The EERC has developed an extensive database under both air-blown and oxygen-blown 
operation on the transport reactor development unit (TRDU) with several different coals, including 
two subbituminous coals, four bituminous coals, three North Dakota lignites, and a petroleum 
coke. A recent test has been successfully completed with cogasification of coal and approximately 
20 wt% wood biomass under both air- and oxygen-blown operation. A gas filter operations 
database on these fuels has also been developed. This database has established a gasification 
baseline from which improvements under both air-blown and oxygen-blown operation can be 
judged for their effectiveness at improving product gas quality, improving gas filter performance, 
or reducing the gas–solid mixing problems leading to ash deposition or agglomeration. In total, 
the EERC has generated over 3150 hours of coal gasification data, with another 250 hours of coal 
combustion, including 70 hours of combustion testing on a petroleum coke. Operation of the 
TRDU at steady-state conditions for several days at a time is customary. Except for scheduled 
shutdowns, system outages have been limited, generally as a result of ash deposition or 
agglomeration problems in the reactor. Factors affecting bed material circulation have been 
investigated, and the effects of steam/carbon ratios and the circulation rate on product gas quality 
have also been measured. After correction for the purge nitrogen and the relatively high heat losses 
as a percentage of the coal feed, product gas quality under air-blown operation in the 105- to  
128-Btu/scf range has been demonstrated. 
 
 The Power Systems Development Facility (PSDF) was constructed at the Southern 
Company Services site in Wilsonville, Alabama, to demonstrate much of DOE’s advanced electric 
power technology, including a transport reactor that can operate in either combustion or 
gasification mode. This reactor is an order of magnitude larger than the TRDU located at the 
EERC; however, except for differences between the L-valve and the J-leg and the operation of the 
disengager, the scaling and operation of these units are very similar. The PSDF has mostly operated 
in gasification mode on Powder River Basin (PRB) subbituminous coal and North Dakota lignites 
to date, and exclusive coal testing is planned for the near future. This provides an opportunity to 
use the TRDU as a vehicle to determine the parameters needed for operation on a biomass fuel. 
Performing screening tests or further reactor and feeder modifications is much less expensive at 
the TRDU scale than on the PSDF-scale system. 
 
 
GOALS AND OBJECTIVES 
 
 The overall goal of this project was to redesign and complete construction of a feed system 
to allow 100% biomass to be continuously fed to the pilot-scale TRDU at the EERC to determine 
biomass performance in an advanced high-efficiency transport reactor gasifier as the centerpiece 
of an advanced biomass IGCC. To meet this goal, the following specific objectives were identified: 
 

• Design and build a biomass feed system capable of being tested at elevated pressures as 
high as 350 psig.  
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• Test selected biomass in the EERC pilot-scale transport reactor gasification system 
similar to the larger demonstration system located at PSDF and the commercial 
gasification system still being designed and installed for Mississippi lignite to 
demonstrate acceptable hydrodynamic and gasification performance under a variety of 
operating conditions. 

 
• Conduct a second 200-hour gasification test on biomass to allow steady-state heat and 

material balance information to be obtained to enable the syngas composition (heating 
value and carbon conversion) to be determined as a function of oxygen-to-fuel and steam-
to-fuel ratios. 

 
• Utilize heat and material balance data generated in the biomass gasification testing, along 

with projected capital and operating costs, to analyze the economics of a transport reactor-
based gasification system utilizing Aspen Plus and the Aspen Process Economic Analyzer 
(APEA) module at the EERC. 

 
 
EXPERIMENTAL 
 

TRDU Gasifier System Description  
 
 The pilot-scale TRDU has an exit gas temperature of up to 980°C (1800°F), a gas flow rate 
of 325 scfm (0.153 m3/s), and an operating pressure of 120 psig (9.3 bar). The TRDU system can 
be divided into three sections: the fuel feed section, the TRDU, and the product recovery section. 
The TRDU proper, as shown in Figure 2.1-1, consists of a riser reactor with an expanded mixing 
zone at the bottom, a disengager, and a primary cyclone and standpipe. The standpipe is connected 
to the mixing section of the riser by an L-valve transfer line. All of the components in the system 
are refractory-lined and designed mechanically for 150 psig (11.4 bar) and an internal temperature 
of 1090°C (2000°F). Detailed design criteria and a comparison to actual operating conditions on 
the design coal are given in Table 2.1-1. 
 
 The premixed coal and limestone feed can be admitted to the transport reactor through three 
separate nozzles, which are at varying elevations. Two of these nozzles are located near the top of 
the mixing zone (gasification), and the remaining one is near the bottom of the mixing zone 
(combustion). During operation of the TRDU, feed is admitted through one predetermined nozzle 
at a time. The coal feed is controlled by a metering auger. 
 
 The pneumatic transport gas can consist of 100% nitrogen or a blend of air and nitrogen. 
The addition of oxygen with the fuel has been shown to improve the carbon conversion of low-
reactivity fuels. Steam can also be injected through the annulus of the fuel injection pipe. Steam 
addition has been shown to help depress the swelling tendencies of known high-swelling high-
rank fuels.  
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Figure 2.1-1. TRDU and hot-gas filter vessel (HGFV) in the EERC gasification tower. 

 
 

Table 2.1-1. Summary of TRDU Design and Operation on the Design Coal 
Parameter Design1 Actual 
Coal Illinois No. 6 Illinois No. 6 
Moisture Content, % 5 8.5 
Pressure, psig 120 (9.3 bar) 120 (9.3 bar) 
Steam/Coal Ratio 0.34 0.34 
Air/Coal Ratio 4 2.3 
Ca/S Ratio, mol 1.5 2 
Air Inlet Temperature, °C 427 180 
Steam Preheat, °C 537 350 
Coal Feed Rate, lb/hr 198 (89.9 kg/hr) 220 (99.9 kg/hr) 
Gasifier Temperature, maximum °C 1010 950 
ΔT, maximum °C 17 60 to 100 
Carbon Conversion,2 % > 80 76.5 
HHV3 of Fuel Gas, Btu/scf (cor.4) 100 110 
Heat Loss as Coal Feed, % 19.5 135 
Riser Velocity, ft/s 31.3 25 
Heat Loss, Btu/hr 252,000 450,0005 
Standpipe Superficial Velocity, ft/s 0.1 0.38 
1 KBR design specifications. 
2 Carbon conversion = (wt carbon feed − wt carbon removed)/wt carbon feed × 100. 
3 Higher heating value. 
4 Corrected. 
5 Higher coal feed rate and lower air and steam preheat resulted in lower percent heat loss but 
 higher net heat loss. 
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 Oxidant and steam are fed to the reactor through two pairs of nozzles at varying elevations 
within the mixing zone. For the combustion mode of operation, additional nozzles are provided in 
the riser for feeding secondary air. Hot solids from the standpipe are circulated into the mixing 
zone, where they come into contact with the nitrogen and the steam being injected into the L-valve. 
This feature enables spent char to contact steam prior to the fresh coal feed. This staged gasification 
process is expected to enhance process efficiency. Gasification or combustion reactions are carried 
out in the riser as fuel and oxidant (with steam for gasification) flow up the reactor. The solids 
circulation into the mixing zone is controlled by fluffing gas in the standpipe, L-valve aeration 
flows, and the solids level in the standpipe. 
 
 The bulk of entrained solids leaving the riser is separated from the gas stream in the 
disengager and circulated back to the riser via the standpipe. Solids can be withdrawn from the 
standpipe via an auger to maintain the system’s solids inventory. Gas exiting the disengager enters 
a primary cyclone where recovered solids are recirculated back to the standpipe through the dipleg 
crossover. Gas exiting the primary cyclone enters a series of jacketed-pipe heat exchangers before 
entering the HGFV. The cleaned syngas leaving the HGFV is depressurized and combusted in a 
thermal oxidizer. 
 

HGFV 
 
 This vessel is designed to handle all of the gas flow from the TRDU at its expected operating 
conditions. The vessel is approximately 48-in. i.d. (121.9 cm) and 185 in. (470 cm) long and is 
designed to handle gas flows of approximately 325 scfm at temperatures up to 815°C (1500°F) 
and 120 psig (8.3 bar). The refractory has a 28-in. (71.1-cm) i.d. with a shroud diameter of 
approximately 22 in. (55.9 cm). The vessel is sized such that it could handle candle filters up to 
2.0 m long; however, 1.5-m iron aluminide metal candle filters were utilized in these reported 
gasification tests. Candle filters are 2.375-in. (6-cm) o.d. with a 4-in. (10.2-cm) center line-to-
center line spacing. The filter design criteria are summarized in Table 2.1-2. A schematic of the 
filter system is shown in Figure 2.1-2.  
 
 The total number of candles that can be mounted in the current geometry of the HGFV tube 
sheet is 19. This enables filter face velocities as low as 2.0 ft/min to be tested using 1.5-m candles. 
Higher face velocities are achieved by using fewer candles. The majority of testing has been 
performed at a face velocity of approximately 4.0 to 4.5 ft/min. These recent tests have utilized 
the Pall iron aluminide metal candle filters exclusively. Previous candles tested in the program 
included granular SiC candles from Pall Advanced Separation Systems Corporation.  
 
 A preheat natural gas burner attached to a lower inlet nozzle on the filter vessel can be used 
to preheat the filter vessel separately from the TRDU. The hot gas from the burner enters the vessel 
via a nozzle inlet separate from the dirty gas. 
 
 The high-pressure nitrogen backpulse system is capable of backpulsing up to four sets of 
four or five candle filters with ambient-temperature nitrogen in a time-controlled sequence. The 
pulse length and volume of nitrogen displaced into the filter vessel is controlled by regulating the 
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Table 2.1-2. Filter Design Criteria 
Inlet Gas Temperature 230°–650°C (450°–1200°F) 
Operating Pressure 150 psig 
Volumetric Gas Flow 400 scfm 
Number of Candles up to 19 (1 or 1.5 m) 
Candle Spacing 4.25 in. 6 to 6 
Filter Face Velocity 2.5–4 ft/min 
Particulate Loading <10,000 ppm 
Temperature Drop Across HGFV <30°C (50°F) 
Nitrogen Backpulse System unheated 

 
 
pressure (up to 600 psig [42 bar]) of the nitrogen reservoir and controlling the solenoid valve pulse 
duration. Figure 2.1-2 also shows the filter vessel location and process piping in the EERC gasifier 
tower. Lower operating filter temperatures around 260°C (500°F) were tested utilizing recent 
modifications that added extra heat exchange surface in order to operate the filter vessel at these 
lower temperatures. Most of the previous filter tests were completed in the 425°–650°C (800°–
1200°F) range. Ports for obtaining hot high-pressure particulate and trace metal samples both 
upstream and downstream of the filter vessel are part of the filter system piping. 
 
 The ash letdown system consists of two sets of alternating high-temperature valves with a 
conical pressure vessel to act as a lock hopper. Filter vessel solids discharge from the lock hopper 
to a barrel sitting on an electronic weigh scale.  
 

Design and Construction of a Biomass Feeder for Transport Reactor Gasification 
Testing 

 
 The first major project goal was to construct and demonstrate a robust feed system for 
feeding relatively dry (<40% moisture) biomass to a pressurized gasifier. This feed system was 
designed to overcome the problems associated with feeding biomass materials into a pressurized 
gasifier. These biomass feedstocks can be prone to bridging because of their fibrous and 
hydrophilic nature. This design is based on an extensive evaluation of biomass feed systems that 
was conducted under a DOE-funded project entitled “Feed System Innovation for the Gasification 
of Locally Economical Alternative Feedstocks (FIGLEAF),” which was completed in 2002. 
Potential feed systems included either a lock hopper system designed with diverging conical 
hoppers and central feed bin or a hybrid feed system utilizing a plug screw feeder to get the biomass 
across the pressure boundary into a central feed bin. These potential feed systems are shown in 
Figures 2.1-3 and 2.1-4.  
 
 Potential feedstocks included selected biomass such as wood residue from a paper mill or a 
dedicated energy crop such as hybrid poplar from poplar plantations, a dedicated energy crop such 
as switchgrass, or agricultural residue such as soybean hulls or sunflower hulls. 



2.1-7 

 
Figure 2.1-2. Schematic of the filter vessel design with internal refractory, tube sheet, and shroud 

(TC is thermocouple). 
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Figure 2.1-3. Dual lock hopper with meter bin and injection screw. 
 

 
 

Figure 2.1-4. Diagram of wood chip densification with axial position in plug screw feeder. 
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Pilot-Scale Biomass Gasification Testing in the TRDU 
 
 One of the technologies being developed for advanced electric power-generating systems is 
an IGCC that converts a carbonaceous feedstock to a combustible gas, cleans the gas of pollutants, 
and combusts the gas in a gas turbine to generate electricity. The hot exhaust from the gas turbine 
is used to generate steam to produce more electricity from a steam turbine cycle. The utilization 
of advanced hot-gas particulate and sulfur control technologies together with the combined power 
generation cycles make IGCC one of the cleanest and most efficient ways available to generate 
electric power from these feedstocks. One of the strategic objectives of the DOE IGCC research 
and development program is to develop and demonstrate advanced gasifiers and second-generation 
IGCC systems. Another objective is to develop advanced hot-gas cleanup and trace contaminant 
control technologies that will enable high cycle efficiencies to be achieved, especially with higher-
moisture feedstocks. 
 

Gasification Testing of Biomass Test 1 
 
 This 200-hour gasification test was undertaken to allow steady-state heat and material 
balance information to be obtained that would enable the syngas composition (heating value and 
carbon conversion) to be determined as a function of oxygen/coal and steam/coal ratios.  
75 tons of the selected biomass was needed to complete the 200-hour test. Part of this subtask 
included development of a detailed test plan to include a discussion of the test purpose/goals; a 
description of the gasification parameters to be tested, with a description of the TRDU and filter 
vessel operating conditions; and a list of specific data to be collected, success criteria established, 
and sampling and analytical support required for this test. Primary test variables included 
oxygen/carbon ratio, gasification temperature, steam/carbon ratio, and fuel properties such as 
biomass type, moisture, and particle-size distribution. Other parameters included testing under 
both air-blown and oxygen-blown operating conditions and feedstock type and particle-size 
distribution as variables associated with a given period of testing. Performance metrics focused on 
determining the selected feedstock’s conversion to a useful fuel gas, including measuring the 
amount, composition, and heating value of the fuel gas and the amount of unconverted carbon and 
ash left in the residual solids from the TRDU, with disposal and/or utilization options for residual 
streams such as ash determined. 
 
 Activities in support of the gasification test included investigating the nature of the ash, 
including deposits and agglomerates (if any), from each test using advanced analytical techniques 
and evaluating solid wastes to determine the potential uses or disposal options. A secondary 
objective of the program included demonstrating acceptable performance of hot-gas filter elements 
on the hot dust-laden fuel gas stream coming from the pilot-scale TRDU system prior to long-term 
demonstration tests. The goal of hot-gas particulate control was not simply to meet current NSPS 
with respect to particulate emissions but also to protect high-efficiency gas turbines adequately 
and control particulate emissions to sufficiently low levels to meet more stringent regulatory 
requirements anticipated in the future. 
 
  



2.1-10 

Gasification Testing of Biomass Test 2 
 
 This 200-hour gasification test allowed steady-state heat and material balance information 
to be obtained to enable the syngas composition (heating value and carbon conversion) to be 
determined as a function of oxygen/coal and steam/coal ratios. This subtask also included 
development of a detailed test plan, including a discussion of the test purpose/goals; a description 
of the gasification parameters to be tested, with a description of the TRDU and filter vessel 
operating conditions; and a list of specific data to be collected, success criteria established, and 
sampling and analytical support required for this test. Primary test variables included 
oxygen/carbon ratio, gasification temperature, steam/carbon ratio, and fuel properties such as 
biomass type, moisture and particle-size distribution. Other parameters included feedstock type 
and particle-size distribution as variables associated with a given period of testing. Performance 
metrics focused on determining the selected feedstock’s conversion to a useful fuel gas, including 
measuring the amount, composition, and heating value of the fuel gas and the amount of 
unconverted carbon and ash left in the residual solids from the TRDU, with disposal and/or 
utilization options for residual streams determined. 
 
 Oxygen-blown operation requires the addition of considerable excess steam to maintain the 
reactor temperatures below the temperature where ash deposition and agglomeration of the 
circulating ash material become a problem. Test results indicate that oxygen-blown operation 
provides a slightly higher carbon conversion at comparable oxygen/coal ratios. The corrected dry 
product gas heating for the oxygen-blown test has a significantly higher heating value than air-
blown operation (190 to 225 Btu/scf as compared to 90 to 120 Btu/scf). An evaluation of the wet 
fuel gas heating values shows that oxygen-blown gasifiers have marginally increased HHVs 
entering the gas turbine combustor than the air-blown case. This small difference is because of the 
high volume of steam addition needed in the oxygen-blown system to prevent circulating bed 
material from agglomerating and forming deposits in the reactor wall. The similar fuel gas heating 
values entering a gas turbine make it hard to justify the economics of an oxygen-blown transport 
reactor when only power production is considered. However, should the gasifier be operated for 
hydrogen, fuels/chemicals, and power production, the higher capital and operating costs associated 
with an oxygen plant would be justified. 
 

Economic Study 
 
 Heat and material balance data, along with projected capital and operating costs, were 
analyzed to determine the economics of a transport reactor-based gasification system utilizing 
Aspen Plus and the APEA module at the EERC. 
 
 
RESULTS AND DISCUSSION 
 

Design and Construction of a Biomass Feeder for Transport Reactor Gasification 
Testing 

 
 An initial evaluation of the biomass feed system concepts was undertaken to help determine 
the feed system to construct for the TRDU system at the EERC. Since obtaining actual gasification 
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data on the transport reactor was considered very important, the EERC took a very conservative 
approach to selecting the appropriate feeder technology. The following is a summary of the 
preliminary feeder technology assessment. 
 

High-Pressure Feeding Systems: Classification and Status 
 
 A previous study conducted by the EERC provided an overview of the main classifications 
of high-pressure feed systems that have been designed and utilized at the pilot or demonstration 
scale. Some of these systems had their origin in the processing of coal, while others have been 
commercially used for processing of wood or agricultural fibers in the pulp and paper industry. 
Several of these systems have been utilized at the demonstration scale in biomass gasification 
systems both in North America and abroad.  
 
 For the purposes of this project, the four primary categories of pressurized feed systems 
included the following: 
 

• Lock hoppers 
• Rotary feeders 
• Plug-forming feeders 
• Non-plug-forming feeders 

 
 Table 2.1-3 presents four feed system categories, as identified by the authors, and specific 
examples and vendors for the systems. The commercial or developmental status, as understood by 
the author of this report, is also indicated. The advantages and disadvantages of each feed system 
are presented in Table 2.1-4. It should be stated that a one-size-fits-all approach to feeding is 
probably not attainable, but the selection of a feed system will be driven by the available feedstock, 
its physical properties, and the conversion process being fed. 
 

Feed System Description 
 
 The biomass feeder designs considered were the more conventional brute force lock hopper 
system or the plug screw feeder, shown in Figures 2.1-3 and 2.1-4, respectively. Given the higher 
risk associated with the plug screw feeder, the EERC went with the more conservative approach 
and utilized a pressurized lock hopper design with diverging lock hopper vessels. The complete 
system design in shown in Figure 2.1-5. A detailed description follows. 
 
 Solids enter the system in a nonpressurized hopper located above a drag chain conveyor. 
The drag chain conveyor is utilized to lift the feed material to a diverting valve which directs the 
feedstock to one of two diverging feed lock hoppers. Twelve-in. Everlasting valves are utilized on 
the top of the lock hopper, and 14-in. Everlasting valves are utilized on the bottom of the lock 
hopper. The lock hoppers drop the feedstock into a horizontal pressure vessel containing the feed 
auger and two mixing bars to keep the difficult-to-feed materials agitated and feeding consistently. 
The feedstock drops from the horizontal control auger past a microwave solids mass flowmeter 
into an inclined auger which is utilized to quickly feed the solid fuel into the gasifier with a minimal 
flow of transport gas. 
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Table 2.1-3. Types of Pressurized Biomass Feed Systems 
Classification System Name Application Status 
Lock Hopper1 T.R. Miles Consulting biomass system Low-density, biomass, designs to 450 psig, 10 tons/hr Commercial 
 Cratech biomass system Low-density, biomass, 150 psig, current 1 ton/hr Developmental 
    Rotary Valves Andritz rotary valve Sawdust, up to 200 psig, +40 tons/hr Commercial 
 Asthma feeder Sawdust, 150 psig, 50 tons/hr Commercial 
    Plug Feeder Ingersoll-Rand Coal, less than 3 tons/hr, 725 psig Developmental 
Screw Type    
    
 Reciprocating screw feeder   
 Werner and Pfleiderer feeder Coal (+15 tons/hr), sawdust (tested at 2 tons/day), 1500 psig Commercial 
 Stake Technology CO-AX feeder Wood chips (15 tons/hr), straw chips (9 tons/hr), 180 to  

400 psig 
Commercial 

 Metso plug screw feeder Wood fiber (+20 tons/hr), wood chips (50 tons/hr), 150 psig Commercial 
 Vattenfall screw-piston feeder Straw and peat, less than 4 tons/hr, 350 psig Developmental 
Plug Feeder    
Piston Type TK Energi three-stage piston feeder Wood chips (8 tons/hr), straw chips (4 tons/hr), 350 to 600 psig Developmental 
Other Posimetric feeder Coal, near ambient to 250 psig Commercial2 
    
    Non-Plug-

Forming 
Feeders 

Ingersoll-Rand coaxial piston feeder Coal up to 1 in., 2.5 tons/hr, 500 psig (tested), 1500 psig 
(design) 

 

   Developmental 
 Fortum piston feeder for solid fuels Wood chips, 3.5 tons/hr, 350 psig Developmental 
 Foster-Miller linear pocket feeder Coal up to 1 in., 5 tons/hr, 1000 psig Developmental 

1 These systems would have a mechanism (e.g., live-bottom bin with screw feeder or traveling belt) to provide positive delivery of the fuel into the gasifier. 
2 System is commercial at near-ambient pressure and developmental at 250 psig. 
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Table 2.1-4. Advantages and Disadvantages of Various Pressurized Biomass Feeder Types 
Classification Advantages Disadvantages Comment 
Lock Hopper Simple system High consumption of pressurized “lock” gas Dual lock hopper systems can 

reduce 
 No fuel compaction Dusty or wet feed can jam valves gas consumption 
 Can handle a wide particle-size range Live-bottom feed bins necessary for fibrous or 

low-density, poorly flowing materials 
 

 Proven technology   
 Low energy consumption Requires fairly complex timing/control system  
 Moderate capital cost Large (tall) “lock” vessels required  
Rotary Feeder Good feed rate control Possible feed bridging at valve inlet and in 

pockets 
Can reduce pressurization gas 

through recycle 
 Small size relative to throughput Pressurization gas required  
 Low power consumption “Chase” gas required to dislodge bridged 

material 
 

 Can handle a variety of feedstocks Limited pressure differentials  
 Low capital cost   
Plug-Forming 

Feeder 
Can handle wet, sticky, low-density High specific power (kW/ton per hour) 

consumption 
Possible lower specific power 

 feedstocks More frequent rebuild/repair of wear components Consumption for piston feeders 
 Little to no consumption of 

pressurization gas 
Possible feed bridging at feeder inlet Relative to screw feeders 

 Small size relative to throughput Possible need to deagglomerate fuel after passing 
pressure boundary 

 

  Back-flow prevention system in case plug loses 
integrity 

 

Non-Plug-
Forming 
Feeder 

Moderate consumption of 
pressurization gas 

Noncontinuous feeding Probable lower specific power 

 No agglomeration of fuel Complicated systems Consumption relative to plug-
forming feeders 
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Figure 2.1-5. Design schematic for the pressurized biomass feed system installed at the EERC. 
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 The nonpressurized hopper is a one-of-a-kind piece of equipment designed to fit the space 
requirements and to facilitate flow into the drag chain conveyor. The opening at the bottom of the 
hopper into the conveyor is 16 in. wide by 34.5 in. long. The walls of the hopper were designed to 
prevent material from bridging over the conveyor opening. One of the walls along the long side of 
the opening is situated 30 degrees from vertical, and the opposite wall is almost vertical at roughly 
4 degrees. Having one straight wall decreases the chance of material sticking in the hopper. The 
hopper is designed with a round opening in the top plate. This opening is designed to fit the spout 
on specially designed Super Sacks. The sacks are hoisted by the crane and emptied out directly 
into the hopper. 
 
 The conveyor, as supplied, is a Series 4000 Hapman tubular conveyor. The casing is made 
of 4-in. Schedule 40 mild steel pipe. The chain is 176 ft long with 3.75-in.-diameter polyethylene 
flights spaces 8 in. on center. The chain is connected in a loop and driven by a 10-hp electrically 
rated motor located at the top of the loop. At the bottom of the loop, located just upstream of the 
nonpressurized hopper, there is a 180 degree turnaround with chain-tensioning screws. The 
conveyor lifts material from the ground floor and carries it vertically 63 ft to a discharge opening 
located directly above the diverter valve. The discharge of the drag chain conveyor is a 10-in.-
square opening that matches the flange pattern on the inlet of the diverter valve. The diverter valve, 
supplied by Horizon Systems, Inc., is an A-style valve, Model No. GDA-10. Material flow into 
the valve is diverted to one of two chutes with a 10-in.-square opening. Direction of flow is 
controlled by an internal flapper constructed from two pieces of 10-gauge carbon steel plate. The 
flapper is moved by an external, double-acting, air-driven cylinder. Flapper location is monitored 
by two single-pole, double-throw (SPDT) limit switches. The use of two limit switches ensures 
full closure of the valve in each of the two positions. Dropping out of the diverter valve, the chute 
transitions from 10-in.-square to 12-in. pipe. 
 
 Upon exiting the diverter valve, material enters one of two lock hoppers. At the top of the 
lock hopper is a 12-in. Everlasting CL300 process valve. The valve is designed with an internal 
pivoting disc that creates a metal-on-metal seal with the top inner face of the valve. Pressure from 
below the disc, along with spring tension in the pivoting shaft, provides the upward flow to create 
a sure seal. Because of the nature of the metal-on-metal seal, increased cycling of the valve actually 
increases the sealing capability of the valve. The valve has a full bore equal to that of the 12-in. 
pipe above it to minimize restrictions on material flow. Also on the valve is a limit switch that 
indicates full closure of the valve. Any position other than fully closed is indicated as “open.” 
 
 Below the 12-in. Everlasting valve is a 15.5-ft-tall diverging hopper. The hopper diverges 
from 12-in. pipe diameter at the top to 14-in. pipe diameter at the bottom. The diverging nature of 
the hopper reduces the potential for hang-up of sticky or poor-flowing material. As a column of 
solids starts to fall out of the hopper, the diverging walls also create a gas path from the feed hopper 
below into the lock hopper. The hopper is designed with a vent port located 9 in. from the top 
flange face and a vent port located the same distance from the lower flange face. There is also a 
port located 24 in. from the top flange face for a level measurement device. 
 
 The level measurement device used in this application is a Dynatrol GS level sensor switch 
designed for use with bulk solids. The level switch has a probe that sticks into the hopper at the 
high point. When uncovered, the paddle vibrates, indicating an “empty” state. When the hopper 
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fills up and the probe is covered by solids, vibrations stop, indicating a “full” state. Another level 
switch is located directly below the bottom Everlasting valve on the hopper to indicate when the 
hopper is empty. 
 
 The bottom Everlasting valve is a 14-in. valve that operates in the same fashion as the upper 
one. Since the bottom valve is more likely to close on solids, however, it also has a bottom disc in 
addition to the top one. This second disc helps to prevent the valve body from filling with solids. 
 
 Located below the bottom Everlasting valve is 56-in. spool piece that diverges again from 
14 in. at the top to 16 in. at the bottom. There is also a port for a level sensor located 15 in. below 
the top flange of the spool piece. This piece attaches directly onto the top of the horizontal feed 
vessel. 
 
 The feed vessel consists of 60 in. of 42-in. pipe with a 2:1 ellipsoidal head on one end and a 
weld neck flange on the other. On the top of the vessel, spaced 36 in. apart, are 16-in. attachments 
for each of the spool pieces. The vessel is also designed for three augers to run lengthwise through 
the vessel. All three augers protrude through a blind flange attached to one end of the vessel. The 
main feed auger is located on the centerline horizontally and sits 15 in. below the centerline 
vertically. The opposite end of the auger extends through pipes that attach to the ellipsoidal head 
and proceed toward the reactor. The other two augers are centered vertically but sit 10.125 in. on 
either side of the centerline horizontally. Both of these augers terminate at the ellipsoidal head. 
 
 The top two augers are meant as agitators to keep material from bridging or sticking above 
the main feed auger. Each agitator has a bidirectional ribbon flighting that is 2 in. wide, with an 
outside diameter of 16 in. The augers are mirrored replicas of each other. The left auger, starting 
at the drive end, has 32 in. of right-hand flighting then 32 in. of left-hand flighting. The flighting 
on the right auger is the exact opposite. When both augers are run in a clockwise direction, the left 
auger will bring material from the ends of the vessel toward the center and the right auger will 
bring material from the center toward the ends. This keeps material from building up in any one 
location. These agitators also help to break up any chunks that may have formed inside the lock 
hopper.  
 
 The main feed auger is situated at the bottom of the pressurized feed vessel. The flighting 
on this auger is right-handed, with an outside diameter of 6 in. The first 30 in. of the auger has a 
pitch of 1.5 in. The rest of the flighting on the auger has a 3-in. pitch. The expanded pitch is used 
in the second half of the auger to allow for equal removal of solids from both ends of the vessel. 
Upon leaving the main feeder vessel, the feed auger carries material several feet horizontally to a 
vertical pipe located below the feed auger. At this point, the flighting stops and the material drops 
down into the open pipe below. 
 
 As the material falls, it passes by a microwave solids flowmeter, Model SFI, made by 
Monitor Technologies. This sensor gives a rough estimate of the flow rate of solids dropping 
through this pipe. The device acts as a particle counter. It is mounted with a coupling on the side 
of the pipe so the sensor protrudes into the pressurized pipe, flush with the inside wall. A 
microwave signal is sent across the pipe. Any waves that hit particles are dispersed, while the other 
waves are reflected off the opposite wall of the pipe back to the sensor. The measurement taken 
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by this sensor is not completely accurate, and the accuracy decreases with a relatively full pipe. It 
is best to be used when material flows evenly in a free-falling gravity chute. 
 
 Below the microwave sensor, the material can be fed into the reactor either using an auger 
angled down at 45 degrees or pnuematically through a feed pipe. The auger speed is such that any 
material falling into it will be fed immediately into the reactor. There is no chance for a buildup of 
material above this auger because the feed rate based on auger size and rotational speed is higher 
than that of the feed auger above. 
 

Typical Biomass Feeder System Cycle 
 
 A typical cycle of the system begins with one of the lock hoppers pressurized and emptying 
into the horizontal feeder vessel. The second hopper is depressurized and ready to be filled. If the 
north hopper is emptying and the south hopper is ready to be filled, once the south hopper is 
completely depressurized, the top Everlasting valve is opened and the diverter valve positioned to 
directly flow into the south hopper. Once both valves are in the correct position, the drag chain 
conveyor turns on and fills the south hopper. This continues until a level is detected by the level 
sensor located in the top of the hopper. The level sensor is located 24 in. below the top of the 
hopper to provide extra time so that material does not fill past the Everlasting valve. Once the level 
sensor indicates a positive level, the drag chain stops. After a short delay to ensure all material has 
fallen into the hopper, the top Everlasting valve closes and pressurization can begin. 
 
 The hopper is pressurized using nitrogen gas fed through a port at either the top or on the 
bottom of the hopper. The bottom port only is used in an effort to fluff difficult-to-feed material, 
as it may have packed during filling. Pressurization of the hopper continues until it reaches an 
equal pressure with the horizontal feed vessel. This is detected by a differential pressure transducer 
tied to the two vessels. Once pressurized, the south hopper sits idle until the north hopper is fully 
empty. 
 
 Once the bottom valve of the north hopper closes, the bottom Everlasting valve on the south 
hopper opens. Material drops down into the main feeder vessel but typically does not empty 
completely. This is indicated by the two level sensors located in the top of the hopper and just 
under the bottom Everlasting valve. The top sensor will show an “empty” signal as material begins 
to drop out of the hopper. As material feeds out of the feeder vessel and into the reactor, material 
from the south hopper continues to empty. Once enough material feeds out of the south hopper, 
the bottom level sensor will appear as empty which indicates that there is no longer material sitting 
in the opening of the Everlasting valve. At this point, the bottom valve closes and depressurization 
begins, which starts the second cycle. 
 

Pilot-Scale Biomass Gasification Testing in the TRDU 
 

Fuel Preparation 
 
 Approximately 50 tons of wood residue was received from Erickson Timber Products of 
Baudette, Minnesota. 25 tons of dried switchgrass was purchased from Genera Corporation near 
Vonore in east Tennessee. 20 tons of dried corn stover was purchased from Meyeraan Farms near 
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Benson, Minnesota. Fuel preparation consisted of air-drying the as-received wood residue from 
near 40% moisture to the levels desired for testing. The air-dried wood fuel was then processed 
through a rotary hammer mill utilizing a ⅛-in. screen and collected in bottom-dumping Super 
Sacks for delivery to the TRDU feed system. The dried, baled fuels were processed with a large 
tub grinder before their processing through the rotary hammer mill.  
 

TRDU Fuel Analysis 
 
 Composite samples of the processed wood, switchgrass, and corn stover underwent 
proximate, ultimate, HHV, ash x-ray fluorescence (XRF), and dry-sieve analysis. The analysis 
results are presented in Table 2.1-5. Review of the data shows that the composition of wood residue 
ranged from 10% up to almost 40% moisture, with a very low ash content (<1 wt% ash). The 
switchgrass and corn stover were somewhat higher in ash content, ranging from 2.5% up to almost 
6.5% ash. All of the biomass fuels were very low in sulfur (<0.1 wt%) and much higher in volatile 
matter/fixed carbon ratio as compared to the usual coal feeds. The inherent oxygen content of these 
fuels was also much higher than a typical coal. Figure 2.1-6 presents the dry-sieve analysis results 
for the composite biomass samples. This figure shows that the three biomass feedstocks had an 
average feed size of between approximately 600 to 1000 μm, with typically less than  
10 wt% passing 200 μm. This is much coarser grind than the coal typically fed to a transport 
reactor. Figure 2.1-7 shows the moisture content of the wood feedstock utilized during the testing. 
The test plan called for looking at moisture as a variable, with the intent of using wetter wood later 
in the testing. This figure shows that, in general, this was the case but also highlights how much 
variability there was in the wood moisture throughout the test campaign. 
 

TRDU Operation 
 
 To date, over 40 successful test campaigns have been completed, with approximately  
4400 hours of operation in gasification mode on several different fuels (Swanson et al., 2001, 
Swanson and Hajicek, 2003). These fuels have ranged from less reactive bituminous coals and 
petroleum coke to the more reactive subbituminous and lignite coals and have included cofeeding 
both wood and switchgrass in the past. Operating temperatures have been varied from 815° to 
1050°C (1500° to 1900°F), depending on the fuel reactivity and the fuel ash propensity to 
agglomerate.  
 
 Table 2.1-6 presents the actual and nitrogen-corrected dry product gas composition and 
heating value for the steady-state test periods generated during the testing. Operational parameters 
evaluated for selection of steady-state periods included 1) fuel feed rate, 2) mixing zone and critical 
gasifier temperatures, and 3) product gas composition. Operational data include fuel and oxidant 
rates, fuel transport air/nitrogen rates, steam feed rates, gasification temperature, and carbon 
conversion. Carbon conversion based on solid accountability for the biomass was high, above 90% 
and usually approaching 95%. The lower velocities and taller transport integrated gasification 
(TRIG) units projected for commercial systems will also improve the carbon conversions seen 
with these less reactive feedstocks. Measured gas compositions were considerably higher in CO 
than H2, unlike previous coal-only or even the previous coal–biomass test results (also shown in 
Table 2.1-6). The ratio of H2/CO was generally considerably less than 1 and ranged as low as 0.2.  
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Table 2.1-5. Proximate, Ultimate, Heating Value, and Ash XRF Analysis Results for  
Biomass Fuels 

  Wood Residue Switchgrass Corn Stover 
Proximate, as run, wt%    

Moisture 11.54 16.11 11.88 
Volatile Matter 65.29 61.11 62.19 
Fixed Carbon 22.65 20.26 19.37 
Ash 0.51 2.53 6.57 

Ultimate, as run, wt %    
Hydrogen 7.19 6.36 5.98 
Carbon 50.49 41.37 40.79 
Nitrogen 0.06 0.29 0.38 
Sulfur 0.07 0.09 0.04 
Oxygen 41.48 49.37 40.25 
Ash 0.51 2.53 6.57 

Ash Composition, % as oxides    
Silica, SiO2 30.3 53.7  43.55 
Aluminum, Al2O3 3.9 1.0  43.69 
Ferric, Fe2O3 5.0 0.7  4.16 
Titanium, TiO2 0.2 0.1  1.90 
Phosphorus, P2O5 2.1 6.1  0.23 
Calcium, CaO 36.6 10.5  2.62 
Magnesium, MgO 7.2 13.9  0.58 
Sodium, Na2O 1.1 0.5  0.80 
Potassium, K2O 11.8 11.1  0.92 
Sulfur, SO3 1.9 2.3  1.53 

HHV, Btu/lb    
As Run 7433 6796 6440 
Moisture-Free 8403 8101 7308 
Moisture- and Ash-Free 8452 8352 7897 

 
 
The reason for this difference was entirely clear, however, other researchers have recently reported 
that the tests in a high-pressure tubular reactor utilizing biomass only, coal–biomass mixtures, and 
coal only have shown similar results (Means et al., 2011). Detailed gas chromatography–mass 
spectroscopy (GC–MS) sampling by these researchers documented increased levels of very light 
organic species such as acetylene, acetaldehyde, furan, and even toluene as compared to the coal-
only tests. They concluded that the elemental hydrogen with the coal testing is predominantly 
released as molecular hydrogen, while most of the elemental hydrogen with biomass is released 
with these light organics. Unfortunately, some of these very light organics are volatile enough that 
they might not have been retained in the ice bath-cooled impinger trains utilized during the 
particulate sampling and thus were not measured.  
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Figure 2.1-6. As-fed particle-size distribution for various biomass feedstocks. 
 
 

 
 

Figure 2.1-7. Wood moisture as a function of each Super Sack feed to the TRDU. 
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Table 2.1-6. Operating Conditions and Results for Biomass Steady-State Periods 

  Period 1 Period 2 Period 3 Period 4 Period 5 Period 6 
Previous 

Data 
Previous 

Data 
Previous 

Data 
Fuel Wood Wood Wood Switchgrass Switchgrass Switchgrass PRB–wood PRB–wood PRB–switchgrass 
Oxidant Air Air Oxygen Air Air Air Air Oxygen Air 
Avg Mix Zone Temperature, °C 800 760 740 768 788 837 881 871 910 
Fuel Feed Rate, lb/hr 695 733 934 662 668 576 334 343 438 
Airflow, lb/hr 1022 1071 107 918 995 995 1029 115 1138 
N2 Flow, lb/hr 464 685 780 657 604 588 604 625 118 
O2 Flow, lb/hr 0 0 234 0 0 0 0 193 0 
Steam Flow, lb/hr 120 150 290 100 86 120 115 225 457 
Steam/MAF1 Coal Ratio, lb/lb 0.20 0.22 0.35 0.19 0.16 0.26 0.50 0.94 0.82 
O2/MAF1 Coal Ratio, lb/lb 0.39 0.364 0.32 0.39 0.42 0.49 1.03 0.92 0.37 
Recirculation Rate, lb/hr 7865 7595 10310 4906 5205 4945 6610 9110 8500 
Riser Velocity, ft/s 49.0 43.5 34.7 52.3 52.9 55.3 42.0 36.1 46.8 
Carbon Conversion 98.6 96.9 97.4 90.5 93.4 94.6 99.4 94.9 94.6 
          
Product Gas Composition, vol%          
  H2 2.1 3.6 5.9 1.1 2.2 2.5 4.8 11.1 7.8 
  CO 5.7 4.8 10.1 5.5 5.5 5.5 4.3 6.4 8.1 
  CH4 1.0 1.3 2.1 0.9 1.6 1.3 1.5 2.8 1.9 
  CO2 12.3 11.5 17.2 9.8 10.3 10.5 11.8 18.8 12.2 
  N2 82.8 80.1 66.7 82.2 76.7 77.8 75.0 60.9 68.1 
  H2S, ppm 6.4 13 8.1 52 86 89 191 385 405 
  Total 103.9 101.3 102.0 99.5 96.9 97.6 97.4 99.9 98.1 
Heating Value, Btu/scf 35 40 73 30 43 39 45 85 71 
N2 Purge-Free Heating Value, Btu/scf 
Heat loss and N2 Purge-Free 
  Heating Value, Btu/scf 

48 
85 

 

74 
201 

 

207 
271 

 

52 
113 

 

72 
150 

 

61 
112 

 

72 
104 

 

196 
234 

 

103 
146 

 
1 Moisture and ash-free. 
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 Syngas quality on these feedstocks was acceptable and comparable with previous test results 
seen on the TRDU. The high nitrogen content shown in the actual product gas composition (and 
commensurate low heating value) is an artifact of the nitrogen purges and nitrogen gas used for 
fuel transport on a small pilot-scale system such as this. The biomass feed system also seemed to 
perform more consistently when the nitrogen transport gas velocities were higher than those 
typically utilized for coal-only tests. These nitrogen gas flow rates are a very significant portion of 
the overall flow in the TRDU; however, in a commercial plant, these flows would either be a very 
small portion of the total flow or would be replaced by recycled syngas to prevent dilution of the 
commercial syngas.  
 
 Hydrogen sulfide emissions averaged about 6 to 13 ppm in oxygen-blown operation on the 
wood and were higher at 50 to 89 ppm on the switchgrass. These are still very low when compared 
to coal-only testing. No COS was measured by the online gas chromatographs. 
 
 Particle-size data for select standpipe and filter ash samples collected during the course of 
the test campaigns are shown in Figure 2.1-8. XRF analyses of standpipe and filter ash are given 
in Tables 2.1-7 and 2.1-8 and shown as histograms in Figure 2.1-9. 
 

Particulate Control Device (PCD) Operation 
 
 Operation of the PCD during the gasification tests reported here utilized twelve 1.5-m Pall 
Advanced Separation Systems iron aluminide candle filters. The PCD was operated between 260°  
 
 

 
 
Figure 2.1-8. Particle-size distribution from selected biomass testing on the TRDU (Wd is wood, 

SG is switchgrass, and SP is standpipe). 
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Table 2.1-7. Steady-State Standpipe Ash Analysis from Wood and Switchgrass  
Testing 
% as 
Oxides 

Wood 
Ash  

Wood 
Standpipe 

Switchgrass 
Ash 

Switchgrass 
Standpipe 

Switchgrass 
Dipleg 

SiO2 30.3 25.29 53.7 33.16 35.2 
Al2O3 3.9 62.44 1 58.82 55.94 
Fe2O3 5 2.57 0.7 2.63 2.69 
TiO2 0.2 2.65 0.1 3.24 2.9 
P2O5 2.1 0.22 6.1 0.21 0.18 
CaO 36.6 5.04 10.5 0.27 1.35 
MgO 7.2 0.42 13.9 0.58 0.54 
Na2O 1.1 0.18 0.5 0.04 0.08 
K2O 11.8 0.91 11.1 0.76 0.74 
SO3 1.9 0.27 2.3 0.29 0.37 

 
 

Table 2.1-8. Steady-State PCD Ash Analysis from Wood and 
Switchgrass Testing 
% as 
Oxides 

Wood 
Ash 

Wood 
PCD 

Switchgrass 
Ash 

Switchgrass 
PCD 

SiO2 30.3 32.59 53.7 54.8 
Al2O3 3.9 27.51 1 6.22 
Fe2O3 5 1.96 0.7 1.39 
TiO2 0.2 0.75 0.1 0.38 
P2O5 2.1 0.69 6.1 5.48 
CaO 36.6 30.53 10.5 11.14 
MgO 7.2 2.38 13.9 13.69 
Na2O 1.1 0.21 0.5 0.63 
K2O 11.8 2.77 11.1 5.29 
SO3 1.9 0.6 2.3 0.98 

 
 
and 325°C (464° and 617°F) at a face velocity of approximately 2.9–3.1 ft/min. Most of the testing 
was conducted around 300°C for a filter operating temperature. Backpulse operating parameters 
were approximately 320 psig in the backpulse reservoir pressure, and the pulse duration was  
0.5 sec.  
 
 During operation on the wood, the filter baseline pressure drop was nominally 100 in. of 
water, with candles being backpulsed when a 130-in. pressure drop was reached. Over the wood 
fuel testing, the filter ash typically averaged less than 20 wt% carbon (loss on ignition [LOI]) with 
a range of 7 to 28 wt% carbon (LOI). 
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Figure 2.1-9. XRF histogram of standpipe and filter ash compositions. 
 
 
 Operation of the PCD and removal of collected ash exhibited some issues with the baseline 
differential pressure drifting higher, reaching over 200 in. of water a couple of times. While the 
filter was backpulsing almost continuously, the filter baseline differential pressure was usually 
relatively stable. Ash letdown systems worked well during the testing, with all ash/char removal 
occurring through the PCD ash removal system. Because of the low ash content of the feedstocks, 
the periodic addition of bed material was required to maintain an adequate bed inventory to 
circulate through the gasifier.  
 
 During testing of the switchgrass feedstock during the September test, one of the additions 
of kaolin bed material to the standpipe occurred while the dipleg was not circulating. Since the 
dipleg was full, this 80-lb charge of kaolin ended up passing directly into the PCD, thereby causing 
the filter differential pressure to spike to over 50 psid. At this differential pressure, seven of the  
12 iron aluminide candle filters were crushed, resulting in a complete loss of filtration in the PCD. 
This loss of candle filters resulted in the premature shutdown of the TRDU test. After evaluation, 
it was determined that the PCD was seriously compromised and that no further biomass testing 
would be possible under the current program.  
 
 Condensate samples were collected during select outlet particulate-loading tests and 
subjected to analysis for total organic carbon (TOC). The TOC results are presented in  
Table 2.1-9. Concentration values in the water were renormalized to the concentration in the gas 
stream. TOC results seem relatively consistent between tests but were 3 to 6 times higher than 
when compared to some previous coal-only test data. 
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Table 2.1-9. TOC Results 
Wood/Steady-State 
Period Date/Duration 

TOC, 
ppmw wet 

TOC, 
ppmw dry 

Wood/1 05/04/13:30–21:50 298 373 
Wood/2 05/06/10:00–14:31 1799 2274 
Wood/3 05/07/12:36–18:10 2200 3419 

 
 
 Selected online Fourier transform infrared (FT-IR) sampling with a heated cell was 
conducted at the outlet of the PCD in conjunction with outlet particulate sampling. Figures 2.1-10 
and 2.1-11 show the amount of organics measured by FT-IR at wavelengths of 3047 and  
3033 cm-1 for aromatic C–H bonds, 3018 cm-1 for methane C–H bonds, and 2960 cm-1 for aliphatic 
C–H bonds. Part of the testing was to examine the effects of adding solids to the bed materials that 
could potentially help crack the tars that might form from the high-volatile biomass feedstocks. 
These additives included limestone and a nickel-based reforming catalyst. A comparison was also 
made between air- and oxygen-blown operation. Figures 2.1-10 and 2.1-11 show the results from 
the FT-IR sampling comparing the limestone and Ni-based cracking catalyst performance to 
baseline conditions and also comparing the air-blown and oxygen-blown baselines.  
 
 

 
 

Figure 2.1-10. Comparison of limestone addition on gas-phase organic concentrations. 
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Figure 2.1-11. Comparison of Ni-based cracking catalyst addition on gas-phase organic 
concentrations. 

 
 

 
 

Figure 2.1-12. Comparison of air-blown vs. oxygen-blown operation on wood. 
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Economic Study  
 

Biomass Feedstock Requirements for EERC Study 
 
 An economic analysis was prepared for biomass-to-power facilities with net outputs of  
50 and 100 MW electrical. The following assumptions were made to estimate the biomass fuel 
(feedstock) requirements on a dry-ton basis: 
 

• HHV (dry): 8000 Btu/lb 
• Plant availability: 85% 
• Net plant efficiency: 38% 

 
 The yearly thermal input for the 50-MWe plant was estimated to be 3340 billion Btu/year 
and on a mass basis 209,000 dry ton/year (675 dry ton/day). Similarly, for a 100-MWe plant, the 
thermal input was estimated to be 6680 billion Btu/year with a mass throughput of 418,000 dry 
ton/year (1350 dry ton/day). 
 

Biomass Preparation and Feed System Costs 
 
 A Web-based literature search was performed to find capital cost estimates for commercial-
scale biomass gasification systems. The published body of work in this area was limited, and only 
several relevant techno-economic analysis studies were located. Table 2.1-10 provides a summary 
of the study parameters with respect to end product(s), biomass characteristics (type, moisture, 
size, throughput), and biomass-processing unit operations. Although all studies employed 
gasification of biomass, the end products varied from 100% power production to 100% liquids 
production (e.g., mixed alcohols) to combined liquids (e.g., FT liquids) and power production.  
 
 Biomass throughputs ranged from 683 to 1486 dry ton/day of wood chips for the 100% 
power systems up to 2200 dry ton/day for the FT liquids–power and mixed alcohol systems. The 
FT liquids systems utilized corn stover as the biomass feed, and the alcohol systems utilized forest 
residue or purpose-grown hybrid poplar as the feed. 
 
 In all studies, the as-received biomass was subjected to various levels of preprocessing, 
including size reduction, screening, and drying. Moisture contents ranged from 25 to 50 wt% for 
the as-received feedstocks, with dried products being typically around 10 to 12 wt%. Drying in all 
cases was achieved in a direct-contact rotary drum dryer, employing either steam or tempered flue 
gas as the drying media.  
 
 The high-pressure gasifiers evaluated in the studies, whether for power and/or liquids/fuels, 
were principally of the Gas Technology Institute (GTI) (formerly Institute of Gas Technology 
[IGT]) fluid-bed design, with the exception of a single comparison using an entrained-flow 
gasifier. Operating pressures ranged from 264 to 460 psi, consistent with the presumed operating 
pressure range of the TRIG system. For all studies, a lock hopper system was used to move biomass 
fuel across the pressure boundary, while injection into the gasifier was accomplished with a screw 
feeder (presumably in conjunction with a metering bin).  
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Table 2.1-10. Studies of Previous Pressurized Biomass Feed Systems Tested 
Study Study 1a Study 2b Study 3c Study 4d 
Primary Product FT liquids FT liquids Power Power Power Power Ethanol Ethanol Ethanol 
Secondary Product Power Power NA NA NA NA Mixed alcohols NA Power 
Output Primary 41.7 million gal/yr 32.3 million gal/yr 56 MWe 132 MWe 122 MWe 105 MWe 61.8 million gal/yr 145 million gal/yr 176 million gal/yr 
Output Secondary 13.8 MWe 16.4 MWe NA NA NA NA 10.8 million gal/yr NA 14.2 MWe 
          
Fuel Corn stover Corn stover Maple chips Maple chips Hybrid poplar Maple chips Forest residue chip Hybrid poplar 

chips 
Hybrid poplar 

chips 
Throughput, dry ton/day 2200 2200 683 1467 1486 1297 2200 2200 2200 
Preprocessing Primary chopper (4), 

dryer (10), grinder (4) 
Primary chopper (4), 

dryer (10), grinder (4) 
Chip hogger, screening, 

drying 
Chip hogger, screening, 

drying 
Chip hogger, 

screening, drying 
Chip hogger, 

screening, drying 
Screener (2),    

hammermill (2),        
dryer (2) 

Based on National Renewable Energy 
Laboratory (NREL) study for hydrogen 
production from indirect gasification, 
almost identical to Study 3 Size Received Bale Bale 0 x 2-inch 0 x 2-inch 0 x 2-inch 0 x 2-inch 0 to +2-inch 

Final Size −1 mm −6 mm <1.5 inch <1.5 inch <1.5 inch <1.5 inch < 2-inch 
Initial Moisture, wt% 25 25 38 38 50 38 50 50 50 
Dried Moisture, wt% 10 10 11 11 11 17 5 12 12 
Drying Method Direct contact steam 

dryer; 200°C steam; 
9/1 steam/moisture 
removed 

Direct contact steam 
dryer; 200°C steam; 
9/1 steam/moisture 
removed 

Cocurrent rotary drum; 
tempered 400°F flue 
gas from char 
combustor/HRSGe 

Cocurrent rotary drum; 
tempered 400°F flue 
gas from char 
combustor/HRSG 

Cocurrent rotary 
drum; tempered 
400°F flue gas 
from char 
combustor/HRSG 

Cocurrent rotary 
drum; tempered 
400°F flue gas 
from char 
combustor/HRSG 

Rotary drum; tempered 
flue gas from char 
combustor/fuel 
reformer combustor 

Rotary drum; 
tempered flue 
gas from char 
combustor 

Rotary drum; 
tempered flue 
gas from char 
combustor and 
supplemental gas 
firing 

Power for Preprocessing 3 MW 1.1 MW NA NA NA NA 742 kW   
          
Gasifier High-temperature 

oxygen-blown slagging 
entrained flow 

Low-temperature 
oxygen-blown IGT 
Renugas fluid bed, dry 
ash 

High-pressure IGT 
Renugas 
w/aeroderivative 
turbine 

High-pressure IGT 
Renugas w/adv. 
utility turbine 

Low-pressure 
indirect BCL 
w/gas 
compression and 
adv. utility 
turbine 

Low-pressure air-
blown TPS 
Studvisk w/gas 
compression and 
adv. utility 
turbine 

Low-pressure indirect 
BCL  

Low-pressure 
Indirect BCL  

Oxygen-blown 
high-pressure 
IGT fluid bed 

Gasifier Trains 1 7 1 2 2 1 2   
Pressure, psig 406 406 460 294 25 20 23 23 330 
Temperature, °F 2370 1600 1526 1526 1519 1600 1633 1598 1600 
Feed System Lock hopper/screw 

feeder 
Lock hopper/screw 

feeder 
Lock hopper/screw 

feeder 
Lock hopper/screw 

feeder 
Screw feeder Rotary valve/screw 

feeder 
NA  Lock hopper 

a Swanson et al., 2010. 
b Craig and Mann, 1996. 
c Phillips et al., 2007. 
d Zhu and Jones, 2009. 
e Heat recovery steam generator. 

 
 
 
 

Continued . . . 
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Table 2.1-10. Studies of Previous Pressurized Biomass Feed Systems Tested (continued) 

Study Study 1 Study 2 Study 3 Study 4 
Study Cost Basis Year 2007 2007 1990 1990 1990 1990 2002 2008 2008 
Purchased Cost $10,049,463 $10,049,463 $2,277,674 $4,555,349 $4,580,465 $3,645,581 $7,627,450 $10,000,000 $12,000,000 
Installed Cost $22,676,319 $22,676,319 $4,897,000 $9,794,000 $9,848,000 $7,838,000 $18,839,801 $24,700,000 $29,640,000 
Installation Cost Factor 2.25 2.25 2.15 2.15 2.15 2.15 2.47 2.47 2.47 

Plant Cost Index 525.4 525.4 358 358 358 358 395.6 575.4 575.4 
          
Current Year 2011 2011 2011 2011 2011 2011 2011 2011 2011 
Plant Cost Index 577.9 577.9 577.9 577.9 577.9 577.9 577.9 577.9 577.9 
Purchased Cost $11,053,644 $11,053,644 $3,676,726 $7,353,453 $7,393,997 $5,884,864 $11,142,324 $10,043,448 $12,052,138 
Installed Cost $24,870,699 $24,870,699 $7,904,962 $15,809,923 $15,897,093 $12,652,459 $27,521,539 $24,807,317 $29,768,780 
          
Other          
Storage, days NA NA 7 7 7 7 NA NA NA 
          
EERC Study Plant Size, 

dry ton/day (100 MWe) 
1350 1350 1350 1350 1350 1350 1350 1350 1350 

Ratioed Installed Cost $17,669,561 $17,669,561 $12,736,172 $14,916,342 $14,864,085 $13,012,196 $19,552,869 $17,624,530 $21,149,436 
          
EERC Study Plant Size, 

dry ton/day (50 MWe) 
675 675 675 675 675 675 675 675 675 

Ratioed Installed Cost $10,876,891 $10,876,891 $7,840,034 $9,182,085 $9,149,918 $8,009,946 $12,036,203 $10,849,171 $13,019,005 
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 Installed equipment costs for preprocessing (size reduction and drying) were provided in  
Studies 1–3. In Study 4, purchased equipment cost data were provided along with an installation 
cost factor, thus allowing calculation of an installed cost. With respect to the high-pressure biomass 
feed system (i.e., lock hopper/fuel metering) cost, only Study 1 provided sufficient detail, with 
equipment costs available down to the unit operation level. The remaining studies lumped the 
biomass feed system costs into the overall gasifier subsystem. Table 2.1-10 presents the installed 
preprocessing and high-pressure feed system equipment costs plus the respective study cost basis 
year. 
 
 Installed equipment costs were escalated from the cost basis year for each study up to the 
current study time frame, February 2011, using the plant cost indices (Chemical Engineering, 
2001). Using a seven-tenths power law, typical for plant scaling, installed equipment costs were 
calculated for the 50- and 100-MWe facilities using biomass throughputs of 675 and 1350 dry 
ton/day, respectively, and the biomass throughput of each reference study. These results are 
presented in Table 2.1-10 and show that for the 100-MWe facility, the installed preprocessing 
equipment costs ranged from approximately $13 million up to ~$21 million. Similarly, for the  
50-MWe facility, the installed preprocessing equipment costs ranged from approximately  
$8 million up to ~$13 million.  
 
 The installed high-pressure feed system costs obtained from Study 1 may be low. The 
biomass feed system cost ranged from ~$1.25 million for the 50-MWe facility up to ~$2.03 million 
for the 100-MWe facility. In comparison, in a previous study conducted by the EERC (Swanson 
et al., 2003), TR Miles Technical Consultants quoted an installed cost of $3.62 million for a dual-
train 720-ton/day lock hopper system feeding partially densified refuse-derived fuel (RDF) to a 
TRIG reactor. The RDF mass rate is similar to that required for the 50-MWe facility presented in 
the current study.  
 

Biomass Resource and Availability 
 
 Data for potential biomass resource price and availability were gleaned from the recently 
developed Bioenergy Knowledge Discovery Framework (KDF) sponsored by DOE (U.S. 
Department of Energy, 2012). This Web-based repository is intended to provide the latest 
projections for biomass feedstock production and supply. Queries can be performed that produce 
data on resource type, price, and year, with outputs either as geographical representations or 
downloadable spreadsheets.  
 
 The original source for the biomass resource price and availability, as presented in the KDF, 
is the Billion-Ton Update, or BT2 (U.S. Department of Energy Office of Energy Efficiency and 
Renewable Energy, 2011), and a precursor study known as the Billion-Ton Study, or BTS (U.S. 
Department of Energy Oak Ridge National Laboratory, 2005). These studies were intended to 
provide “an estimate of potential biomass within the contiguous United States based on 
assumptions about current and future inventory and production capacity, availability, and recovery 
technology” (U.S. Department of Energy Office of Energy Efficiency and Renewable Energy, 
2011). The BT2 study improved upon the BTS by including supply curves (i.e., price versus 
availability) and data on a county level and incorporating assumptions regarding resource 
sustainability. 
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 Within this study, biomass resources are variously designated as either agriculture-derived 
or forest-derived. Using the BT2 terminology, examples of agriculture-derived resources include 
the following: 
 

• Agricultural residues 
– Residues from major grain crops 

♦ Corn stover 
♦ Wheat straw/stubble 
♦ Barley straw/stubble 

– Secondary agricultural processing residues 
♦ Sugarcane trash and bagasse 
♦ Cotton gin trash and residues 
♦ Hulls – soybean and rice 
♦ Prunings – orchard and vineyard 

– Animal-derived fats, greases, and manures 
• Energy crops 
– Perennial grasses 

♦ Switchgrass 
♦ Giant miscanthus 
♦ Sugarcane 

– Annual energy crops – high-yield sorghum 
– Woody crops 

♦ Poplar 
♦ Willow 
♦ Eucalyptus 
♦ “Southern” pines 

 
 Energy crops are included under agriculture-derived resources because it is assumed that 
these biomass materials will be grown on agricultural lands.  
 
 Similarly, examples of forest-derived resources include the following: 
 

• Forest residues 
– Integrated logging residues removed during commercial timber harvest (integrated 

operations) 
– Thinnings (fuel treatments) from timberland and forestland to maintain forest health 

and fire resistance 
– Land-clearing operations (removal residue) 

• Mill residues 
– Unused primary mill residues 
– Unused secondary mill residues 

• Urban wastes 
– Municipal solid waste (MSW) wood 
– Construction and demolition (C&D) wood 

• Conventionally sourced wood 
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 It should be noted that only “solid” forms of biomass were considered for the current study 
and, as such, the contribution and availability of agricultural residues such as animal fats, greases, 
and manures were ignored. Further, these same resources are considered to be of insufficient 
quantity and impractical for recovery. 
 
 The BT2 study and KDF Web site present annual resource predictions for the years 2012 
through 2030. For this study, data are presented only for the years 2012, 2020, and 2030 and were 
considered sufficient to provide a broad overview of how the resource supply varies with time, 
price, and geographic location.  
 
 The supply data for the various resources spanned different price ranges on the KDF Web 
site. Prices for biomass resources are presented on a “farmgate” or “roadside” basis. Table 2.1-11 
presents the price ranges for select biomass resources quantified in this study. It is noted that up to 
the time of preparation of this report, extractable data from the KDF Web site were not available 
for the secondary unused mill residue. This resource as estimated at approximately 6 million dry 
tons/yr in the BT2 study, being available at $10/dry ton, and remaining relatively unchanged in 
availability over the years 2012 to 2030.  
 
 For each of the resource types presented in Table 2.1-11, data were first extracted on a state 
level (plus the District of Columbia) for the years 2012, 2020, and 2030.  
 
 Although not presented as such in the KDF or BT2, the resource types were also aggregated 
into the five categories, as shown in Table 2.1-11. Consistent with previous biomass resource 
studies, reoccurring categories include agricultural residues, forest residues, energy crops, and 
urban and mill residues. This study maintained conventional wood as a separate category 
principally because its potential availability does not become significant until over $80/dry ton, 
owing to competition against the pulpwood and timber product industries. 
 
 Figures 2.1-13–2.1-15 present, respectively, potential biomass resource for the five 
categories listed in Table 2.1-11 for the years 2012, 2020, and 2030. The supply curves are for 
farmgate/roadside prices up to $80/dry ton for the entire contiguous states (and District of 
Columbia). For all years, the potential availability begins to level in the range of $50 to $60/dry 
ton. 
 
 In the year 2012 and in the near future, agricultural residues (corn stover and wheat straw) 
could exceed 110 million dry tons per annum, being slightly greater in quantity than forest residues 
and urban and mill residues combined. It is also worth noting that over a modest price increase 
from $40 up to $50/dry ton, the availability of agricultural residue increases fourfold. In the year 
2012 and actually up to the year 2015, energy crops are not shown as a viable resource at any price. 
Conventional wood becomes available above $60/dry ton and is the only resource ascending in 
quantity above $80/dry ton. 
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Table 2.1-11. Price Range Presented in BT2 for Select Biomass Resources 
Category Resource Type Price Range Availability Comment 
Ag Residue Corn stover $40 to $60 Could be more at higher price 
 Wheat straw $40 to $60 Could be more at higher price 
    
Forest Residue Fuel treatments $60 to $200 Levels above $70 
 Integrated operations $10 to $200 Insignificant below $20; essentially levels above $80 
 Removal residues $20 to $200 Essentially levels above $30 
    
Conventional Wood  $50 to $200 Insignificant below $60  
    
Energy Crops Annual energy crop $40 to $60 Could be more at higher price 
 Perennial grasses $40 to $60 Could be more at higher price 
 Woody crops $40 to $60 Could be more at higher price 
    
Urban and Mill Residues C&D wood $20 to $100 Levels above $50 
 MSW wood $20 to $100 Levels above $50 
 Unused primary mill waste $10 to $100 Level over entire price range 
 Unused secondary mill waste No data available  
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Figure 2.1-13. Potential biomass resource for Year 2012 – under $80/dry ton. 
 
 
 

 
 

Figure 2.1-14. Potential biomass resource for Year 2020 – under $80/dry ton. 
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Figure 2.1-15. Potential biomass resource for Year 2030 – under $80/dry ton. 
 
 
 The year 2020 indicates a number of significant changes in resource availability and options. 
The first noticeable change is that agricultural residue availability increases from 110 million dry 
tons to near 145 million dry tons per annum. Secondly, by the year 2020, energy crops (mostly 
annual energy crops and perennial grasses) have entered the mix as the largest potential resource, 
exceeding 170 million dry tons/yr at prices above $60/dry ton. As with agricultural residue, energy 
crop potential is spurred by a modest price increase from $40 to $50/ton, with the quantity 
increasing eightfold (9 million to over 72 million dry tons/yr). 
 
 In the same time frame (2012 to 2020), forest residue and urban and mill residue resources 
increase modestly relative to 2012 levels. Forest residue removals are tied to parallel economic 
activity (pulpwood and timber harvesting) and carefully controlled thinning operations. Urban and 
mill residue supply estimates increase only 4% and are essentially tied to population growth. 
Conventional wood availability shows about a 16% increase from 2012 to 2020. 
 
 Between the years 2020 and 2030, the most noticeable change in resource availability comes 
as a more than twofold increase in potential energy crop supply to around 400 million dry tons/yr. 
In this same time frame, agricultural residue increases from 145 to near 180 million dry tons/yr. 
Urban and mill residue supply is essentially unchanged, while forest residue and conventional 
wood availability increase 4% and 6%, respectively, relative to 2020.  
 
 In an attempt to put a geographic perspective to various resource categories, individual states 
were grouped according to their respective census region. This grouping method was used instead 
of following the NERC (North American Electric Reliability Corporation) geographic regions 
because of the difficulty in disaggregating data across split boundaries (e.g., county and state 
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lines). Table 2.1-12 presents a list and Figure 2.1-16 presents an illustration of the nine census 
regions and their associated states (Table 2.1-12). 
 
 Table 2.1-13 presents potential biomass resource, at the category level, for the census regions 
through side-by-side comparison of supply at $40, $50, and $60/dry ton as a secondary function 
of year. Table 2.1-14 presents identical data through side-by-side comparison for the years 2012, 
2020, and 2030 and as a secondary function of price.  
 
 For the year 2012, the data show a more geographically dispersed biomass resource at 
$40/dry ton, with the east north central and west north central (together comprising the Midwest) 
and the south Atlantic regions each having 17 million dry tons or greater of annual resource 
potential. Increasing the price to $50/dry ton allows the biomass potential to nearly double (from 
99 up to 176 million dry tons/yr), with 75% of the increase coming in the Midwest (west north 
central and east north central) regions. 
 
 Data for the years 2020 and 2030 show continued increases in biomass potential owing to 
the maturation of the bioenergy industry and technologies and policies that support the recovery 
and sustainability of the biomass resource. Between 2012 and 2030, the total biomass potential 
doubles from around 200 million to over 400 million dry tons/yr at a price of $60/dry ton.  
 
 Between 2020 and 2030, the potential biomass resource, at $60/dry ton, is estimated to 
increase by over 260 million dry tons/yr. As with the 2012–2020 comparison, the west north 
central and west south central regions were the big gainers, with increases of 27% and 36%, 
respectively. Again, the east north central, east south central, and south Atlantic regions make 
modest but noteworthy increases in potential resource. 
 
 The bulk – 40% – of this increase comes in the west north central region, while another 31% 
of the increase comes from the west south central region. Modest increases (7% to 9%) are 
estimated in the east north central, east south central, and south Atlantic regions. 
 
 Figures 2.1-17–2.1-19 present graphical summaries of the potential contributions by each 
resource category to the total biomass within each of the census regions. Figure 2.1-17, for the 
year 2012, indicates that agricultural residues comprise the majority of the biomass resource in 
Region 3 (east north central) and are the dominant resource in Region 4 (west north central) over 
the $40 to $60 price range. Similarly, forest residues comprise the majority of “practical” biomass 
resource for Regions 5 (south Atlantic), 6 (east south central), 7 (west south central), and  
9 (Pacific).  
 
 As mentioned previously and shown in Figure 2.1-18, by the year 2020, energy crops are 
estimated to offer significant biomass potential, but this resource impact is largely geographically 
limited to Regions 4 (west north central) and 7 (west south central). At $50/dry ton and higher, 
over 82% of this total resource is derived from these two regions. At $60/dry ton, the potential 
energy crop resource in Region 7 exceeds the total biomass in the agricultural residue-dominated 
east north central region. At a much lower scale, energy crops become the leading resource at 
$60/dry ton and higher in Regions 5 (south Atlantic) and 6 (east south central).  
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Table 2.1-12. Census Regions and Associated States 
Region Number: 1 2 3 4 5 6 7 8 9 
Region Name: New England Middle East West North South Atlantic East South West Mountain Pacific 

 
 Atlantic North 

Central 
Central  Central South 

Central 
  

 Connecticut New Jersey Illinois Iowa Delaware Alabama Arkansas Arizona California 
 Maine New York Indiana Kansas District of Columbia Kentucky Louisiana Colorado Oregon 
 Massachusetts Pennsylvania Michigan Minnesota Florida Mississippi Oklahoma Idaho Washington 
 New Hampshire  Ohio Missouri Georgia Tennessee Texas Montana  
 Rhode Island  Wisconsin Nebraska Maryland   Nevada  
 Vermont   North Dakota North Carolina   New Mexico  
    South Dakota South Carolina   Utah  
     Virginia   Wyoming  
     West Virginia     
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Figure 2.1-16. Illustration of the nine census regions of the contiguous United States. 
 
 
 By the year 2030, and shown in Figure 2.1-19, energy crops continue to add even more to 
the overall biomass potential, becoming the dominant resource in the South (south Atlantic, east 
south central, and west south central regions) in the $50-to-$60/dry-ton price range. At $50 and 
higher, energy crops become the single largest potential source of biomass. Also noteworthy is 
that the availability of the total biomass resource at $60/dry ton in Region 7 (west south central) 
begins to rival the total biomass resource in Region 4 (west north central).  
 
 Although not graphically shown, conventional wood is estimated to become a near-term 
significant resource at $70/dry ton and higher, available predominantly in the south Atlantic and 
east south central regions.  
 
 The “production” rank for each state is also presented as a function of either price or year. 
Further, the position of the top ten producers is highlighted to show position relative to a lower 
price or an earlier production year. Most typically, an increase in price and/or year allows more 
states to become resource producers. For a few of the resources, there appear to be consistent top 
producing states, e.g., corn stover (Iowa), fuel treatments (Texas), removal residues (North 
Carolina), and annual energy crops and perennial grasses (Kansas). More often than not, however, 
the factors that impact the recovery of a resource at a specific price range or time period result in 
a “jockeying” of rank in producer hierarchy. Interestingly, for certain resource types, this “top 
producer(s)” evolution can be significant and is most readily seen with woody crops. Initially a 
low overall resource contributor and located mostly in the east central and middle Atlantic regions,  
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Table 2.1-13. Total Potential Biomass Resource by Region and Year 
Year:  2012  2020  2030 
Region 
Number Region $40   $50   $60   $40   $50   $60   $40   $50   $60  
1 New England 3150  3698  3810  3111  3872  4132  3106  4769  4983 
                   
2 Middle Atlantic 5291  6837  7125  5180  9447  11,975  5252  15,874  19,606 
                   

3 
East north 
central 19,503  32,795  38,428  22,823  41,624  53,033  29,424  56,182  73,283 

                   

4 
West north 
central 16,862  61,961  70,483  42,001  122,307  153,609  81,928  173,026  224,109 

                   
5 South Atlantic 18,827  22,582  23,914  19,916  29,027  41,605  21,619  48,401  71,264 
                   

6 
East south 
central 10,491  11,770  12,835  10,677  15,905  32,595  11,244  35,787  69,814 

                   

7 
West south 
central 10,498  13,772  15,411  11,479  39,720  80,727  18,476  97,628  175,887 

                   
8 Mountain 3,586  8,881  12,016  4,333  11,633  15,314  5,703  11,999  16,510 
                   
9 Pacific 10,579  13,698  14,576  10,959  14,481  15,466  11,732  15,460  16,594 
 All regions 98,786  175,994  198,597  130,477  288,016  408,454  188,483  459,126  672,051 
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Table 2.1-14. Total Potential Biomass Resource by Region and Price 
Price:  $40   $50   $60  
Region 
Number Region 2012  2020  2030  2012  2020  2030  2012  2020  2030 
1 New England 3150  3111  3106  3698  3872  4769  3810  4132  4983 
                   
2 Middle Atlantic 5291  5180  5252  6837  9447  15,874  7125  11,975  19,606 
                   
3 East north central 19,503  22,823  29,424  32,795  41,624  56,182  38,428  53,033  73,283 
                   
4 West north central 16,862  42,001  81,928  61,961  122,307  173,026  70,483  153,609  224,109 
                   
5 South Atlantic 18,827  19,916  21,619  22,582  29,027  48,401  23,914  41,605  71,264 
                   
6 East south central 10,491  10,677  11,244  11,770  15,905  35,787  12,835  32,595  69,814 
                   
7 West south central 10,498  11,479  18,476  13,772  39,720  97,628  15,411  80,727  175,887 
                   
8 Mountain 3,586  4,333  5,703  8,881  11,633  11,999  12,016  15,314  16,510 
                   
9 Pacific 10,579  10,959  11,732  13,698  14,481  15,460  14,576  15,466  16,594 
 All regions 98,786  130,477  188,483  175,994  288,016  459,126  198,597  408,454  672,051 
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Figure 2.1-17. Potential 2012 biomass resource by region and price. 
 
 

 
 

Figure 2.1-18. Potential 2020 biomass resource by region and price. 
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Figure 2.1-19. Potential 2030 biomass resource by region and price. 
 
 
woody crops are estimated after the year 2021 to have the greatest potential availability in the 
already energy crop-rich South. By the year 2030, at least 75% of the woody crop potential will 
be in the South. 
 
 In summary, near-term (2012 and for several years) resource development would probably 
center around agricultural residues in the Midwest (east north central and west north central) and 
around forest residue in the South (south Atlantic, east south central, and west south central) and 
the Pacific region. By the year 2020, agricultural residues and energy crops are both dominant 
options in the west north central, with energy crops becoming the focus in the South through the 
year 2030 and beyond. Agricultural residues will continue to be relied on in the east north central 
region, with modest contributions from forest residues and energy crops. 
 

Economic Analysis to Determine Cost of Electricity (COE) 
 
 Aspen Plus and APEA v7.3 models were constructed to evaluate the technical and economic 
performance of an IGCC power plant, which was based on a transport biomass gasification 
process. The objective was to model two scenarios where the net power output of each was varied 
between 50 and 100 MW. Each scenario includes unit operations for fuel preparation, biomass 
gasification, and power generation. A commercially available gas turbine was selected for each 
model, and the process was tailored to fit the specifications of the turbine such as pressure ratio, 
gas flow rate, and exhaust temperature.  
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Aspen Plus Modeling – Mass and Energy Balances 
 
 Each scenario followed the same process flow diagram. A macrohierarchy block diagram is 
shown in Figure 2.1-20. Wet biomass is fed to a fuel preparation unit, where it is crushed and dried 
from 40% moisture content to 20%. Exhaust gas and steam from the heat recovery steam generator 
(HRSG) unit are used to preheat air to dry the biomass. The dried biomass is sent to the gasifier 
island. An air-blown transport gasifier is used to convert the biomass to syngas. The syngas is 
cooled, and steam is sent to the HRSG. Ash and particulate matter are removed from the syngas 
stream. The cleaned syngas is sent to a gas turbine where it is combusted with air and expanded to 
generate electricity. The exhaust gas from the turbine is sent to an HRSG where steam is generated 
and expanded in steam turbines. The mass flow rates, temperatures, and pressures for the  
100-MW-scenario streams in Figure 2.1-20 and for the 50-MW-scenario streams can be found in 
Table 2.1-15. 
 
 Within each macrohierarchy block, more detail exists for modeling various unit operations. 
Figure 2.1-21 shows the fuel preparation process. Dry air at ambient conditions is pushed by a fan 
and preheated to 270°F by exhaust gas from the HRSG and steam. The hot air is used to dry the 
crushed biomass from a moisture content of 40% to 20%, which is modeled by a reactor and flash 
drum. The energy requirement, or parasitic load, is calculated by Aspen Plus for the fan and 
biomass crusher. 
 
 
 
 

 
Figure 2.1-20. Macro hierarchy block diagram of biomass IGCC process. 
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Table 2.1-15. Flow, Temperature, and Pressure for 50- and 100-MW Streams 
100-MW IGCC System 
Stream WETBIOMS DRYAIR1 STACKGAS SPNTSTM WETAIR DRYBIOMS PRODGAS ASH 
Flow, lb/hr 188,150 1,420,000 1,351,350 18,329 1,467,040 141,113 451,347 4267 
Temperature, °F 70 70 143 268 115 115 528 528 
Pressure, psia 14.7 14.7 15.0 342 14.7 14.7 196 196 

 
Stream GASAIR TURBAIR GTEXHST BFW EXHAUST HPSTEAM1 IPSTEAM1 HPSTEAM2 
Flow, lb/hr 311,400 900,000 1,351,350 588,000 1,351,350 136,687 133,049 136,687 
Temperature, °F 70 70 1095 217 262 222 569 1050 
Pressure, psia 14.7 14.7 15.0 25 15 2346 350 1800 
 
50-MW IGCC System 

Stream WETBIOMS DRYAIR1 STACKGAS SPNTSTM WETAIR DRYBIOMS PRODGAS ASH 
Flow, lb/hr 94075 710,000 693,674 9165 733,519 70556 225,674 2134 
Temperature, °F 70 70 128 267 115 115 504 528 
Pressure, psia 14.7 14.7 15.0 342 14.7 14.7 241 241 
Stream GASAIR TURBAIR GTEXHST BFW EXHAUST HPSTEAM1 IPSTEAM1 HPSTEAM2 
Flow, lb/hr 155,700 468,000 693,674 332,500 693,674 70,548 66,524 70,548 
Temperature, °F 70 70 1029 217 245 222 569 1050 
Pressure, psia 14.7 14.7 15.0 25 15 2346 350 1800 
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Figure 2.1-21. Detail for fuel preparation hierarchy block. 

 
 
 The biomass selected for modeling was soft wood chips. Estimates for the proximate and 
ultimate analysis of soft wood chips is provided in Table 2.1-16, and the data were gathered from 
laboratory tests and compared to typical literature values (Parikh et al., 1972; Demirbas, 1997). 
 
 Figure 2.1-22 shows process detail for the gasification hierarchy block. The biomass was fed 
to a decomposition block, which was used by Aspen Plus to convert the nonconventional solids 
input stream with proximate and ultimate analysis data into a conventional stream, with the 
biomass broken down into individual elements. The heat generated from the decomposition block 
was transferred to the gasifier block to maintain heat balances. The gasification reactions were 
based on Gibbs free energy minimization phase equilibrium calculations. 96% carbon conversion 
efficiency was assumed. Table 2.1-17 shows the composition of the syngas after the gasifier. The 
pressure of the gasifier was set to approximately 250–280 psig, and a temperature of 1800°F was 
targeted. The hot gas exiting the reactor was cooled to 500°F, and it was used to generate steam, 
which was sent to the HRSG. A small portion of steam was fed to the gasifier. Particulate and ash 
material were removed by a HGFV. 10% of the product gas was recycled, and the rest was sent to 
the gas turbine. Parasitic loads from the air compressor and gas booster were calculated. 
 
 

Table 2.1-16. Proximate and Ultimate Analysis of Soft Wood  
Chips  

Proximate Analysis Ultimate Analysis 
Moisture 40 Ash 1.7 
Fixed Carbon 28.3 Carbon 52 
Volatile Matter 70 Hydrogen 6.1 
Ash 1.7 Nitrogen .19 
  Sulfur .01 
  Oxygen 40 
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Figure 2.1-22. Detail for gasifier hierarchy process block. 
 
 

Table 2.1-17. Molar Composition of Syngas from Gasifier 
H2O N2 NH3 H2 CO CO2 CH4 H2S 
.14 .46 .0001 .14 .16 .10 .0002 .000018 

 
 
 Figure 2.1-23 shows the unit operations used to model a gas turbine. Air was compressed 
and sent to a combustion chamber where it reacts with the cleaned synthesis gas from the gasifier. 
Some steam is injected into the combustor to help moderate reaction temperatures, and steam is 
also generated from a cooling jacket around the combustion chamber. The hot exhaust gas is passed 
through an expander to generate electricity. The pressure and flow rates of the material streams 
were set so as to match the specifications of the turbines used for each scenario, as shown in  
Table 2.1-18. 
 
 For the recovery of heat from the exhaust gas of the turbine, an arrangement of heat 
exchangers, water pumps, and steam turbines was devised (Figure 2.1-24). Power was generated 
from high-pressure and low-pressure steam turbines. The high-pressure turbine processed steam 
at 160 atm. The low-pressure turbine let down two steam streams from pressures of 28 and 5 atm, 
respectively. Steam that was generated from other areas of the process was routed through these 
turbines to generate power as well. The work consumed by water pumps and power generated by 
the turbines were calculated. 
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Figure 2.1-23. Detail for turbine hierarchy process block. 

 
 

Table 2.1-18. Gas Turbine Specifications 
 50-MW Scenario 100-MW Scenario 

Gas Turbine Model Siemens SGT-700 GE S106FA 
Power Output, MW 31 77 
Pressure Ratio 18.6:1 15.6:1 
Mass Flow Rate, lb/sec 208 466 
Exhaust Temperature, °F 983 1107 

 
 

 
 

Figure 2.1-24. Detail for HRSG hierarchy. 
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APEA – Economic Modeling 
 
 When the mass and energy balances calculated by Aspen Plus were complete, the models 
were imported into APEA to estimate the capital costs of the project and the economic viability of 
the power plant. APEA assigned specific equipment types to each unit operation from a large 
database of various real-world examples. For example, for a heat exchanger in the HRSG Aspen 
Plus model, APEA assigned a floating-head shell-and-tube heat exchanger from its database of 
equipment as it determined this was the most appropriate type based on flow rates, materials, and 
other factors. The user had the ability to manually assign a specific equipment type and materials 
of construction to a process block as well.  
 
 An important aspect of evaluating the cost of a system was properly sizing the equipment 
used in a given process. APEA calculated the size of each piece of equipment used in the process 
and provided those calculations to the user for review. The user was able to revise sizes to fit needs 
or manually enter sizes for unsized equipment. 
 
 Operating costs are calculated by APEA, but the user can override certain APEA values to 
view the impact of various choices on investment analysis measures of profitability. For example, 
the user can assign cost rates to product and raw material streams. APEA’s detailed economics 
module allowed the user to perform interactive economic scenarios. APEA developed key 
economic measures, including payout time, interest rate of return, net present value, and income 
and expenses on changing any economic premise. APEA performed the economic evaluation over 
a specified time line of the project, from planning phases through the entire life of the process 
facility. Table 2.1-19 lists the various parameters used to estimate the economic viability of the 
power plant. 
 

Results of Economic Modeling 
 
 A summary of the performance of each scenario is presented in Table 2.1-20. The cycle 
efficiency of the 50-MWe scenario is slightly higher because of the gas turbine being slightly more 
efficient, with a higher pressure ratio; however, the capital costs on a per-kilowatt basis are lower 
for the 100-MWe scenario because of economies of scale. Even though no unit operations are 
dedicated to removing SOx and NOx emissions, the pollutant levels are relatively minor because 
of the low levels of sulfur and nitrogen in the biomass. 
 
 Direct equipment costs for major unit operations are shown in Table 2.1-21. Most of the 
figures were APEA calculations; however, because of the unique nature of the transport gasifier 
and fuel preparation systems, those figures were referenced from literature (U.S. Department of 
Energy National Energy Technology Laboratory, 2011) and scaled down using the appropriate 
factors for economy of scale (Berthouex, 2005). The costs for fuel preparation include equipment 
and facilities for receiving, unloading, conveying, storing, crushing, drying, and injecting. The 
costs for the gasifier also include a heat exchanger for syngas cooling and a filtration system for 
particulate removal. 
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Table 2.1-19. APEA Economic Evaluation Parameters 
Item   
Capital Cost Evaluation Basis Units Value 
Project Type  New plant 
Plant Location  North 

America 
User Currency Name  Dollars 
   
Time Period   

Period Description  Year 
Operating Hours per Period Hours/period 8000 
Number of Weeks per Period Weeks/period 52 
Number of Periods for Analysis Period 20 

   
Schedule   

Duration of Engineering, Procurement, and 
Construction Cost Phase 

Weeks 42 

Length of Start-Up Period Weeks 20 
Duration of Construction Phase Weeks 15 

   
Capital Costs Parameters   

Working Capital Percentage Percent/period 5 
   
Operating Costs Parameters   

Operating Supplies (lump-sum) Cost/period 0 
Laboratory Charges (lump-sum) Cost/period 0 
User Entered Operating Charges (as percentage) Percent/period 25 
Operating Charges (percent of operating labor costs) Percent/period 25 
Plant Overhead (percent of operating labor and 

maintenance costs) 
Percent/period 50 

General and Administrative Expenses (percent of 
subtotal operating costs) 

Percent/period 8 

   
General Investment Parameters   

Tax Rate Percent/period 40 
Interest Rate Percent/period 7.5 
Economic Life of Project  Period 20 
Salvage Value (fraction of initial capital cost) Percent 20 
Depreciation Method  Straight line 

   
Escalation   

Project Capital Escalation Percent/period 5 
Products Escalation Percent/period 2 
Raw Material Escalation  Percent/period 2 
Operating and Maintenance Labor Escalation Percent/period 3 
Utilities Escalation Percent/period 3 
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Table 2.1-20. Performance Summary of IGCC Power Plant Scenarios 
 50-MWe Plant 100-MWe Plant 

Biomass Feed, dry ton/hr 28.2 56.4 
Total Plant Power, MWe 55 109 
Efficiency, HHV, % 40.7 40.3 
Total Capital Requirement, $ 141,178,000 241,625,000 
Total Capital/kW, $ 2567 2217 
SOx/NOx Emissions, ppm 7.3/43 7.5/38 

 
 

Table 2.1-21. Direct Equipment Costs 
 50-MWe Plant 100-MWe Plant 
Fuel Preparation Systems $38,384,000 $23,500,000 
Gasifier/Syngas Cleanup $61,300,000 $37,575,000 
Water Systems $11,700,000 $7,200,000 
Air Compressor $11,092,000 $6,620,000 
Recycle Compressor $1,163,000 $800,000 
Gas Turbine $32,658,000 $20,646,000 
HRSG/Steam Turbines $23,208,000 $13,435,000 

 
 
 When evaluating processes that consume biomass, the cost to acquire the raw material is a 
large unknown. Many factors go into the price of biomass, which include type, availability, and 
distance from the processing facility. Therefore, a sensitivity analysis was done to show the effect 
of the cost of biomass on the required selling price of electricity to reach an internal rate of return 
of either 7.5% or 15% (Figure 2.1-25). The 100-MWe plant can sell electricity at a cheaper price 
than the 50-MWe plant because of economy of scale, and, obviously, the power plant becomes 
more competitive with conventional power stations if the biomass can be purchased cheaply. 
 
 
CONCLUSIONS 
 
• Some difficulties were encountered in maintaining a consistent and well-controlled fuel feed 

rate with the biomass materials when compared to previous experience with coal and coal–
biomass mixtures. Some of this was because of the variability in the moisture content of the 
wood feedstock, the fibrous nature of the biomass feedstocks, and the slugging flow of the 
solids in the TRDU, which caused some minor pressure fluctuations that forced some of the 
wet process gas back into the inclined auger, pushing the biomass into the TRDU mixing zone. 
This issue was overcome by significantly increasing the transport gas utilized to help push the 
fuel into the gasifier.  
 

• Carbon conversion for the wood and switchgrass coal was high, greater than 90% for all tests 
and, generally, above 95% in spite of the fact that gasifier temperatures were relatively low at 
750° to 850°C, and fuel feed rates were higher than planned.  
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Figure 2.1-25. Sensitivity analysis on the effect of cost of biomass on the price of electricity. 
 
 
• Unlike previous coal or coal–biomass testing, gas compositions were considerably higher in 

CO than hydrogen, possibly indicating that the fuel elemental hydrogen was released as very 
light organics that were not recovered and measured in the water sample or with the heated cell 
of the FT-IR. 

 
• Operation of the PCD filter system appeared to present some issues, with an increasing baseline, 

even with minimal ash loading to the PCD. Changes to lower the PCD face velocity, such as 
reducing temperature, helped the baseline, suggesting that the filter pressure drop was more a 
function of the biomass producing fine, low-density carbon particles, which are more prone to 
pack tightly on the surface of the candle and be reentrained back to the candle surface after 
backpulsing. 

 
• PCD particle-size distributions averaged 15 µm on wood, but the PCD size distribution 

increased to about 40 µm on the switchgrass, presumably because of the lower particle densities 
associated with switchgrass. The standpipe averaged between 300 and 500 µm, consistent with 
other feedstock testing. The ash chemistry in the PCD ash compared very closely with the coal 
ash chemistry from the start of the run, while the standpipe ash chemistry took a couple of days 
to reduce the starting alumina (from the bauxite start-up material) to the levels of the coal ash.  

 
• Tar and organic emissions in the water samples covered a significant range from a low of less 

than 400 to almost 3500 ppmw. Organics in this range seem consistent with the level of organics 
also measured by the heated-cell FT-IR analyses. This level of organics seems comparable to 
the organics measured from previous coal-only and coal–biomass tests; however, the low 
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carbon closures in the material balance would suggest that there is some unmeasured carbon 
leaving the system, probably as light hydrocarbons. 

 
• The commercial design for a TRIG system with a taller reactor and lower velocity should result 

in better carbon conversion and lower organics in the gas stream because of the increased 
residence time at the high temperatures seen in the riser of the TRIG.  

 
• Project economics would suggest that the COE will range from $55 to $145/kW, depending on 

the delivered cost of the feedstock, the size of the plant, and the required rate of return on the 
investment.  
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SUBTASK 2.2 – PILOT-SCALE GASIFICATION OF TURKEY LITTER 
 
 
INTRODUCTION AND BACKGROUND 
 
 The EERC worked with an independent commercial entity interested in converting poultry 
waste to energy and value-added by-products to perform a prefeasibility study to determine the 
performance of turkey waste as gasification feedstock. The primary driving force behind 
development of a clean energy technology solution for this industry is the compelling need to 
improve poultry farm profitability and meet the emerging stringent environmental regulations 
associated with disposal of poultry waste. Gasification is one of the superior thermochemical 
conversion processes capable of converting turkey waste into clean and combustible mixtures of 
gases. The gas, commonly known as syngas or producer gas, is a mixture of CO, H2, CH4, CO2, 
and N2 and is a carrier of a major fraction of the chemical energy present in turkey waste. The 
syngas can be used as fuel in off-the-shelf technologies for electricity and heat production. In 
addition, the process can effectively recover by-products that may have unique applications and 
an existing market. Alternatively, the hydrogen and carbon monoxide in the syngas can be 
combined to form liquid fuels or chemicals. The gasification process can thus open up a new 
avenue to converting disposal liability waste into opportunity feedstocks for all sizes of poultry 
farms. 
 
 The activities conducted under Subtask 2.2 focused on understanding gasification of turkey 
waste in the EERC’s pilot-scale advanced fixed-bed gasifier, which is capable of converting high-
moisture fuels such woody biomass and high fractions of volatiles such as creosote-treated railroad 
ties into clean syngas. The objective of this effort was to demonstrate the ability of the gasifier to 
gasify a low-energy-density fuel in a self-sustained steady-state mode and produce clean syngas 
that can be used in internal combustion engines. The challenging feature of the turkey waste is its 
complex composition, consisting of more than 11 major inorganic species combined with high-
nitrogen, high-sulfur organic material and inherently varying high moisture content.  
 
 Considering that the aim of gasification is to retain the highest possible chemical energy in 
the syngas, one of the greatest challenges that existing commercial distributed gasifiers face is the 
inability to accept complex fuels like turkey waste and maintain the required chemical energy 
recovery to make the process economically attractive. As a result, new innovations in distributed 
gasification technologies are necessary to achieve technical success similar to that already 
demonstrated with the current commercial gasifier with dry, woody biomass, without making the 
process capital-intensive. The EERC’s advanced gasifier meets this challenge by providing 
exceptional operational control, allowing the system to accommodate a wide variety of fuels and 
associated char reactivity while still providing self-sustained steady-state gasification and near-
zero effluent discharge.  
 
 Turkey litter is a complex mixture of organic and inorganic compounds fed to the turkey and 
excreted during its active growth period. Dry solids consist of 70%–80% combustible solids and 
20%–30% inorganics. This waste is considered to be a good source of plant nutrients containing 
nitrogen, phosphorus, potassium, sulfur, chlorine, and trace amounts of nutrients like copper, 
arsenic, zinc, and manganese. Current manure management practice is to dispose of it by spreading 
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it on farmland. This disposal route, however, has serious concerns. High water solubility of organic 
and inorganic material causes excessive release into the surface soil layer, resulting in loss due to 
uncontrolled runoff into water bodies, causing land and water pollution (U.S. Environmental 
Protection Agency, 2010; World Bank, 2010). As a result, several states have passed laws 
prohibiting the use of turkey or poultry litter on fields with elevated phosphorus levels to avoid 
contributing to eutrophication in surface water (University of Wisconsin–Madison Department of 
Soil Science, 2010). 
 
 With the ineffectiveness of current manure management practices, including the 
controversial single- and multiple-stage incineration processes (U.S. Environmental Protection 
Agency, 2010; Minnesota Pollution Control Agency, 2009; Energy Justice Network, 2010) that 
produce toxic emissions, the urgency of developing a zero-effluent discharge technology is even 
greater. In addition, the emerging urgent need for conserving the world’s depleting phosphate 
resources (American Association for the Advancement of Science, 2010), effective recovery from 
turkey waste, and preventing its further dilution by leaching into water bodies are strong motivators 
to develop and deploy alternatives to current waste minimization practices.  
 
 Thermochemical conversion routes such as combustion and gasification have a primary 
advantage of achieving the highest volume of reduction in contrast to biochemical conversion. 
Unlike combustion, which is primarily aimed at recovering heat energy by complete oxidation of 
the waste, the gasification process can convert the waste into clean combustible syngas with a wide 
range of applications and ease of use in commercial conversion technologies for producing heat, 
power, and chemical or liquid fuels. In spite of the advantages of gasification, the production of 
clean syngas in a gasifier has been a technological challenge, particularly when the waste is less 
energy dense. Combustion is seen as a simple and easily attainable process, particularly for 
recovering heat and by-product while achieving volume reduction. However, because of the 
inherent chemical composition of the waste, its conversion by combustion can pose severe 
environmental impacts (Minnesota Pollution Control Agency, 2009; Energy Justice Network, 
2010) and can cause challenges in recovering heat in the presence of postcombustion pollutant-
mitigating technologies for controlling pollutant formation (e.g., single-step, fast cooling of hot 
gases to avoid dioxin formation). 
 
 Poultry waste rich in nitrogen, sulfur, chlorine, and micronutrients such as copper, zinc, etc., 
belongs to the list of wastes that have high propensity for forming higher concentrations of criteria 
pollutants (NOx and SOx) and highly toxic dioxin when directly combusted. Considering these 
difficulties associated with waste combustion, gasification is one of the few conversion processes 
applicable to poultry wastes in which fuel nitrogen reacts to form ammonia instead of NOx and 
sulfur forms hydrogen sulfide and alkali sulfide instead of SOx. These gases are removed in the 
syngas scrubber and recovered as value-added by-products. Trace amounts of entrained 
micronutrients zinc, arsenic and, particularly, copper, known for catalyzing dioxin formation 
during combustion of fuel rich in chlorine, are removed and recovered in the scrubber medium for 
their complete immobilization. As a result, the dioxin-forming tendency of the fuel is completely 
eliminated and the flexibility of utilizing clean syngas in a range of applications is improved. 
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 In the current efforts, innovations in gasification have been utilized in order to overcome the 
known challenges of sustaining the gasification of low-energy-density and high-moisture, high-
ash fuel. In the process, the organic material is converted to clean combustible syngas and residue.  
 
 The transformation of the inorganic material occurs in a controlled condition such that 
nutrient release rate in the soil is reduced in order to avoid the nutrient runoff associated with 
current manure-spreading techniques. The clean syngas is further scrubbed in a closed-loop, zero-
effluent-discharge process, removing trace amounts of contaminants such that it becomes an 
acceptable fuel in an internal combustion engine or gas turbine for combined heat and electricity 
production or can be converted to energy-carrying liquid fuels and chemicals. Since the syngas is 
cleaned, it can be locally distributed within the available means and infrastructure on the farm for 
its utilization as a heating fuel to keep individual barns warm. 
 
 Thus the clean syngas not only improves the flexibility of its application but also reduces 
the risk of production of highly toxic organics such as dioxin/furans typically expected in the 
incineration of copper- and chlorine-rich fuel such as turkey waste or direct combustion of 
unscrubbed syngas containing precursors and catalysts for toxic compound formation. 
 
 
GOALS AND OBJECTIVES 
 
 The goal of the CBU Program is to develop economically and environmentally sound 
technologies to promote efficient biopower and bioenergy, transportation biofuels, and 
bioproducts. Poultry waste is an important bioresource produced by the U.S. food industry. 
Converting its waste resource into energy will not only reduce its impact on the environment and 
U.S. dependence on foreign oil but will improve the industry’s energy self-reliance, which will 
help ensure critical food security. An overarching goal of the CBU is to develop technologies that 
expand the use of biomass resources that offer both environmental and economic advantages 
within the framework of sustainable development and environmental protection.  
 
 The following were the primary goals of this subtask: 
 

• Conduct analysis of a range of turkey waste obtained from a turkey farm operation and 
identify fuel composition and possible variations.  

 
• Conduct self-sustained gasification of the waste material at the pilot scale, and determine 

gasifier performance and its capacity to produce clean syngas. 
 
• Determine the composition of gasification by-products, including wastewater and solid 

residues. 
 
 
EXPERIMENTAL 
 
 The turkey litter gasification experiments were conducted in the EERC’s advanced fixed-
bed gasifier. A brief description of the gasifier system follows. 
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Advanced Fixed-Bed Gasifier System Description 
 
 The gasifier design philosophy is based on the production of clean syngas with high 
conversion efficiency and achieving zero effluent discharge from the overall system. The 
production of clean syngas is achieved by converting the complex organics in the hot zones of the 
gasifier. The zero effluent discharge is achieved by recycling the trace amounts of unconverted 
organics in the syngas into the gasifier hot zones such that syngas (composition) production is 
favored. 
 
 The main components of the gasifier system include a fixed-bed downdraft gasifier reactor, 
a fuel feed system, a syngas-scrubbing and polishing system, a syngas exhaust system, an auxiliary 
fuel feed system, a residue extraction system, an induced-draft (ID) fan, and an instrumentation 
and control system. The process flow diagram of the gasification system is shown in Figure 2.2-1, 
and a photograph of the system is shown in Figure 2.2-2. A three-dimensional representation of 
the gasifier is shown in Figure 2.2-3. The system is classified as Class 1, Division 2, Group B for 
the operation of electrical components in explosive gas environments. 
 
 Fuels are screw-fed from the top of the gasifier. The syngas is removed from the reactor 
outlet at the bottom of the gasifier. The nominal throughput of the biomass is 33 lb/hr; however, 
maximum capacity can reach 66 lb/hr depending on the type and size of the fuel and its reactivity. 
The fuel hopper can store about 200 lb of biomass or 400 lb of coal. Gasification air is injected 
from the top of the gasifier under the suction caused by the ID fan located downstream of the 
syngas scrubber system. The fuel bed is ignited with the help of a hot-air generator which is 
specially adapted for the system. After ignition, the reaction front propagates and attains the 
steady-state exothermic heat profile necessary for maintaining gasification reactions. Steady-state 
gasification can be achieved within 30 minutes of ignition depending on the fuel moisture content 
and fuel reactivity. 
 
 Clean syngas is produced in the hot zone of the gasifier by staging the oxidizer to combine 
devolatilization, partial oxidation, and reduction reactions. The reactor geometry in the upper zone 
of the gasifier is designed to allow a smooth flow of the fuel and gasification air. The air injection 
occurs in this zone. The air injection is balanced by an ID fan such that the overall gasifier 
operating pressure is maintained slightly below atmospheric pressure. The ID fan located 
downstream of the syngas cleanup system is sized to overcome the system pressure drop (about 
30–40 in. W.C.) at a rated flow rate. To improve the conversion and thermodynamic efficiency of 
the system, extractable sensible heat from the syngas is recycled back into the gasifier by using 
gasification air as a heat carrier fluid. 
 
 In order to achieve zero effluent discharge and improve the composition of syngas, the 
effluent from the scrubber section is injected into the gasifier. The condensed tar and particulate 
matter (PM) along with a small fraction of water are injected in the reactor hot bed such that the 
hydrodynamics of the reactor temperature profile are not affected. The inert inorganic residue 
removed from the gasifier is the only disposable material generated from the system. 
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Figure 2.2-1. Process flow diagram of the advanced pilot plant gasifier. 
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Figure 2.2-2. Photographs of the advanced fixed-bed gasifier pilot plant. 
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Figure 2.2-3. Three-dimensional view of the pilot plant gasifier depicting the  
major components of the system. 

 
 
 Syngas, after exiting the reactor, is scrubbed in a two-stage water scrubber and syngas 
polisher. The first section cools the hot syngas and removes the condensable tars. The second stage 
effectively scrubs the remaining tars which are typically formed only under high-tar-loading 
conditions attained during severe conditions such as high throughput or high fines loading, etc. 
The final syngas polisher removes carryover tar with a liquid solvent. This syngas-polishing 
system can be bypassed depending on the syngas quality required. Both scrubbing systems are 
closed-looped in order to facilitate the determination of the condensable and soluble organic and 
inorganic components of the syngas. 
 
 The flow rate of the syngas and gasification air are measured using orifice flowmeters. In a 
commercial system, tube venturis would be used because of the lower pressure drop across the 
meter. The syngas flowmeter is located downstream of the blower; the gasification air is measured 
upstream of the gasifier. 
 
 The clean syngas is routed through a stack and flared at an elevation of 16 ft from roof height. 
The flare in the pilot system has a hot surface igniter; however, a pilot flame igniter would be 
utilized in a commercial system. Flare combustion air is induced by the ejector effect caused by 
the flow of syngas. A gas-sampling port is available for determining flare emissions. 
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 The clean syngas composition is determined using an online gas analyzer capable of 
measuring CO, CO2, O2, N2, H2, CH4, and higher hydrocarbons. A quasi-online gas chromatograph 
is used for determining trace hydrocarbon gases in the syngas. Additional sample ports are 
available for conducting isokinetic sampling of syngas to measure tar and PM according to the 
modified European tar protocol (U.S. Environmental Protection Agency, 2010) and U.S. 
Environmental Protection Agency (EPA) Method 5. These samples can be obtained from the 
syngas both before and after syngas cleanup unit operations. 
 
 The bed and syngas temperatures are measured at several locations to provide both process 
control and operational monitoring. 
 

Turkey Waste Fuel Selection 
 
 The gasification experiments were conducted on turkey waste. Typical farm wastes 
comprised of turkey litter consisting of bird droppings, bedding material, and bird mortality waste. 
Wood shavings or oat hull or a mixture of both are used as bedding material. Since the birds also 
swallow bedding material and it passes through their digestive systems, the litter also contains 
bedding material. The combined litter–bedding material waste is identified by bedding material, 
such as oat hull litter, wood shaving litter, or wood–oat hull litter. Figures 2.2-4a–d, respectively, 
show turkey litter on the bedding material, a pile of litter stored under shade near a finisher barn, 
litter loaded in the hopper ready for gasification, and litter being loaded in the gasifier hopper 
straight from the plastic sack in which it was received from the farm. The combined waste thus 
becomes a complex mixture of organics and inorganics. In addition to this, the dead birds, or 
mortality waste, constitute about 10% to 12% of the waste. In order to understand the composition 
of these waste materials, a total of five different waste materials were analyzed to understand their 
composition variation and also the basic differences between the turkey litter and typical woody 
biomass and coal. The results of the ultimate and proximate analysis and fuel heating values are 
shown in Table 2.2-1. The analysis is shown based on the fuel as received in the test lab as well as 
on an ash- and moisture-free basis. Since the moisture variation in all the fuel samples was found 
to be large, in order to have an apt comparison, the ash- and moisture-free basis was used to 
understand the C–H–N–S–O analysis. 
 
 The mortality waste was not analyzed since it constitutes a small fraction of the total waste 
material and it is understood that the primary role of the mortality waste in the overall gasification 
process is to add to the moisture content of the feedstock (estimated to about 10% by weight). 
 
 Production of turkey litter on the farm is intermittent because of the standard farm operation 
practices involving bed preparation and cleaning. The storing of litter prior to gasification would 
be a requirement. The litter decomposition and associated loss of organics are expected to impact 
fuel composition. A 9-month-old sample was analyzed to understand compositional changes as a 
worst-case scenario with respect to fuel aging. Additionally, for the purposes of comparison, data 
from typical oak wood, pine wood, oak wood charcoal, and coal (PRB or Montana coal) have been 
included in Table 2.2-1. 
 



 

2.2-9 

 
 

Figure 2.2-4. Turkey waste used in the gasification experiments: a) turkey litter as observed in 
the barn, b) litter after it is removed from the barn and stored under shade, c) turkey waste in the 
gasifier hopper, d) turkey litter received from the farm in plastic Super Sack (the fuel is directly 
loaded in the EERC’s advanced fixed-bed gasifier feed hopper), and e) the reduced-size dead 

birds (mortality waste) as fed in the gasifier. 
 
 
 The three types of bedding-based litters—oat hull, wood shavings, and oat–wood shaving 
hulls, each weighing about 1000 lb—were obtained from the turkey farm in closed plastic Super 
Sacks. The 9-month-old waste was obtained from the same farm. Also a turkey waste with mixed 
bedding was analyzed for comparison to known types. 
 
 To understand the syngas composition variation during injection of mortality waste, a batch 
of dead birds was also received and stored in the EERC’s cold storage unit in an air-tight container. 
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Table 2.2-1. Comparative Study of Fuel Composition of Turkey Litter, Woody Biomass, and Coal 

Fuel Types: Turkey Litter 
Turkey Litter 
(9 months old) 

Turkey Litter 
(wood shavings) 

Turkey Litter (oat 
hulls and wood) 

Turkey Litter 
(oat hulls) 

Turkey Litter 
Residue (oat hulls) 

Oakwood 
Charcoal Pine Wood 

Grand Forks 
Municipal Wood 

Waste 
Powder River 

Basin (PRB) Coal 
Proximate 
  Analysis,  
  wt% 

As 
Rec’d MAF 

As 
Rec’d MAF 

As 
Rec’d MAF As Rec’d MAF 

As 
Rec’d MAF As Rec’d MAF 

As 
Rec’d MAF 

As 
Rec’d MAF 

As 
Rec’d MAF 

As 
Rec’d MAF 

Moisture  33.1 – 26.5 – 60.6 – 64.4 – 61.2 – 0 – 5 – 9.2 – 43.6 – 22.7 – 
Volatile 
  Matter  

34.28 69.11 44.46 69.11 21.89 75.74 20.23 73.05 21.9 72.33 – 0 19.68 21.1 76.99 84.97 39.57 71.43 25.6 35.98 

Fixed 
  Carbon 

15.33 30.89 20.41 30.89 7.01 24.26 7.45 26.95 8.42 27.67 – 0 73.58 78.9 13.66 15.03 15.84 28.57 45.97 64.02 

Ash 17.3 – 19.1 – 10.5 – 7.92 – 8.47 – 71.75 – 1.74 – 0.15 – 0.99 – 5.48 – 
Ultimate 
  Analysis, 
  wt% 

                    

Hydrogen  6.68 6.06 5.34 6.6 8.9 7.5 9.09 6.99 8.98 7.19 1.89 6.1 3.21 2.85 6.58 6.13 8.34 6.31 5.5 4.78 
Carbon 24.57 49.53 40.2 49.69 16.51 57.12 14.54 52.88 16.28 53.74 26.5 86.0 77.93 85.53 44.67 49.3 32.43 58.55 54.91 76.4 
Nitrogen 3.02 6.09 4.77 5.9 1.12 3.86 0.95 3.42 1.01 3.32 0.96 3.1 0.38 0.41 0.15 0.016 0.28 0.51 0.75 1.04 
Sulfur 0.61 1.23 0.74 0.91 0.27 0.93 0.24 0.87 0.22 0.73 1.47 4.8 0 0 0.2 0.22 0.01 0.02 0.56 0.77 
Oxygen 47.82 37.09 29.85 36.89 62.7 30.6 67.15 35.83 65.04 35.02 0 0.0 1.74 0 48.26 44.19 57.94 34.61 32.35 17 
Heating 
  Value,  
  MJ/kg 
    

9.57 19.29 11.19 18.82 5.83 20.19 5.49 19.82 6.37 21.03 10.73 0.00 21.16 34.18 17.33 19.12 11.85 21.40 21.16 29.44 

  Btu/lb 4114 8296 4811 8092 2505 8680 2360 8523 2740 9044 4613 0 9098 14,697 7451 8223 5097 9200 9098 12,659 
                      
C/H Ratio  8.17  7.53  7.62  7.57  7.47  14.02  30.01  8.04  9.28  15.98 
C/O Ratio  1.34  1.35  1.87  1.48  1.53  –  –  1.12  1.69  4.49 
C/C (pine 
  wood) 

 1.00  1.01  1.16  1.07  1.09  1.74  1.73  1.00  1.19  1.55 

S/S (pine 
  wood) 

 5.59  4.14  4.23  3.95  3.32  21.66  0.00  1.00  0.09  3.50 

N/N (pine 
  wood) 

 380.63  368.75  241.25  213.75  207.50  194.78  25.63  1.00  31.88  65.00 

CV/CV 
  (pine 
  wood) 

 1.01  0.98  1.06  1.04  1.10  0.00  1.79  1.00  1.12  1.54 
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Comparative Fuel Analysis of Turkey Waste, Pine Wood, Oak Wood Charcoal, 
Turkey Litter Gasification Residue, and PRB Coal 

 
 Composition data collected for the various fuels were compared to pine wood, which is the 
type of wood typically used as bedding material. Volatile matter was the highest in the pine wood; 
however, similar volatile matter was measured in the turkey wastes ranging from 69.11 to  
75.74 wt% on a MAF basis. The volatile matter of the waste wood chip samples was slightly lower 
than that of the other wood samples, and the PRB coal had the lowest volatile matter, about 36% 
on a MAF basis. 
 
 Fuel volatile content is an important parameter in gasification. The fuel particle size and 
associated heating rate typically determine the yield and devolatilization rate in the gasifier. 
However, fuels with high volatile contents such as pine wood, can achieve higher devolatilization 
rates leading to higher tar concentration in the syngas. A high devolatilization rate may have the 
effect of reducing gas-phase residence time of volatile product, therefore limiting the opportunity 
to crack the tars in the high-temperature zone. Additionally, the higher devolatilization rate can 
reduce the gasifier bed temperature because of excessive heat loss caused by convection or 
endothermic organic devolatilization. The EERC’s advanced gasifier has been designed to 
accommodate fuel with high volatile content; however, as observed, all turkey wastes contained a 
low fraction of volatiles. The higher tar fraction is expected only if the bed temperature is low 
enough to allow devolatilized organics to escape without cracking. Through proper process 
control, turkey waste has been gasified while demonstrating improved syngas composition. 
 

Carbon/Hydrogen and Carbon/Oxygen Ratio and Calorific Value 
 
 The comparative data for the C/H and C/O ratios of the fuels are shown in Table 2-2.1. The 
C/H values of woody fuels ranged between 7.57 and 9.28, while the values for turkey wastes are 
in a higher range, 7.47 to 8.17, which is in the same range as woody biomass. The C/H of turkey 
waste residue (oat hull fuel), oak charcoal, and coal are 14.02, 30.01, and 15.98, respectively. At 
these elevated C/H ratios, fixed-bed gasification would typically produce a CO-rich syngas. 
 
 The concentration of oxygen in the fuel is critical in estimating the required oxidizer/fuel 
ratio to attain the desired gasification operation and syngas quality. The ability to adjust process 
inputs, such as feed or air, ensures effective feed conversion and low tar formation. It is also an 
indication of the energy density of the fuel. The C/O ratio of the wood biomass fuels ranged from 
1.12 to 1.69, while the turkey wastes ranged from 1.34 to 1.87. In contrast to these biomass fuels, 
the C/O values for PRB coal is a ratio of 4.5. This higher value is an indication of coal having a 
higher calorific value. In response to these feedstock characteristics, a higher oxidizer feed rate 
was used when testing fuels such as coal. 
 
 The comparison of the carbon content of the different fuels is presented in Table 2.2-1 as a 
ratio of fuel carbon to that present in pine wood. The carbon content in turkey waste is comparable 
to that of pine wood, while in PRB coal, it is about 55% higher than oak wood. The calorific value 
of the turkey is about the same on a dry and ash-free basis (DAF), while in coal, it is 54% higher 
than pine wood; the oak wood charcoal is about 80% higher than the DAF wood. Table 2.2-2 
shows a comparison of proximate analysis and calorific value of 40% moisture turkey litter and  
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Table 2.2-2. Proximate Analysis and Heating Value of 40% Moisture  
Turkey Litter and Pine Wood 
  Turkey Litter (oat hulls) Pine Wood 
Moisture  40 40 
Volatile Matter  33.9 50.9 
Fixed Carbon 13.0 9.0 
Ash 13.1 0.1 
Heating Value, MJ/kg 9.9 11.5 
  Btu/lb 4241.7 4925.6 

 
 
pine wood. Because of the presence of inorganics, the calorific value of turkey litter is 13.9% lower 
than pine wood. This presents an additional challenge when utilizing turkey waste as gasification 
feedstock. Even if the turkey litter is at 30% moisture, the addition of mortality waste (10%–12% 
of the weight of turkey litter) will increase the average moisture in the range of 40%. The 
comparison, therefore, helps in understanding the need for maintaining the moisture level in turkey 
litter. 
 

Nitrogen and Sulfur Content 
 
 Unlike woody biomass, turkey litter consists of a significantly larger fraction of nitrogen and 
sulfur, making it a unique biomass or bio-derived fuel. The fate of sulfur and nitrogen present in 
the fuel is critical in understanding the release of EPA’s criteria pollutants to the atmosphere. The 
comparison of the sulfur and nitrogen content of the different fuels is presented in Table 2.2-1 as 
a ratio of fuel sulfur and nitrogen to that present in pine wood.  
 
 The sulfur content in different turkey litter fuels, as shown in Table 2.2-1, is 3.32 to  
5.59 times higher than that of pine wood, while in PRB coal, it is about 3.5 times higher than pine 
wood. The sulfur content in the turkey litter residue obtained from gasification experiments is 
21.7 times higher than that of pine wood. This indicates the useful role of inorganics in retaining 
sulfur as inorganic sulfide while preventing it from going to the gas phase. In direct combustion 
systems, almost all turkey litter sulfur is converted as SO2, an EPA-classified criteria pollutant 
requiring control.  
 
 The nitrogen content in different turkey litter fuels is 208 to 380 times higher than that of 
pine wood, while in PRB coal, it is about 65 times higher than pine wood. The mixed-bedding 
turkey litter and 9-month-old litter contained about 55% to 86% higher nitrogen concentrations 
than the remaining three different bedding turkey litters which had similar N concentrations 
ranging between 3.86 and 3.32 wt% on a dry basis. These discrepancies in the fuel nitrogen content 
are expected in the turkey waste and could be mitigated by reducing the exposure of the waste to 
excessive moisture by direct rain. 
 
 The N content in the turkey litter residue obtained from gasification experiments is 195 times 
higher than that of pine wood, indicating that N can be retained in the residue and can be used as 
soil fertilizer. A greater fraction of fuel N converts to NH3 in the gasification process, while in 
direct combustion it is expected to release as NOx, which is a criteria pollutant requiring an 
emission control device for pollution prevention. 
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Moisture Content 
 
 It is observed that the moisture content in the turkey litter varies primarily because of storage 
conditions. A separate experiment conducted to determine the ability to retain water in a stored 
litter revealed that more than 65% water could be retained. It was also determined that moisture 
variation can occur in a pile of stored litter. In order to understand the extent of variation in the 
moisture fraction in turkey litter, a 1000-lb sample contained in a plastic Super Sack was selected 
for experimental determination of moisture. Three different samples were prepared from three 
different zones of the turkey litter in a Super Sack. The results are shown in Table 2.2-3. The 
moisture in different zones of the pile ranged from 25.6% to 56.6% by weight. The topmost strata 
of the pile contained 56% moisture, while the lower one was drier, containing 26%. The average 
of all three zones was 43%. Depending on the amount of material present in each zone of the Super 
Sack, the average moisture content was in the range of about 37%–51%. 
 
 Figure 2.2-5a shows the effect of variation of moisture content on the lower calorific value 
of the producer gas with different types of biomass typically seen in the Indian Institute of Science 
(IISc) commercial gasifier (American Association for the Advancement of Science, 2010).  
Figure 2.2-5b shows the effect of moisture on the concentration of contaminants (tar and PM) in 
the clean or cold syngas. As can be observed from Figures 2.2-5a and b, the gasifier performance 
deteriorates with the increase in biomass moisture content. The syngas lower heating value 
reduces, while the contaminant level increases with increased biomass moisture. As a result, 
commercial gasifier operators prefer to use biomass with 10% to 15% moisture content. In the case 
of turkey litter, the drying of fuel is energy-intensive and secondary emission control devices and 
other process equipment are capital-intensive. 
 
 

Table 2.2-3. Results of Moisture Tests of Three Samples Prepared  
from Three Different Zones of the Turkey Litter in a Super Sack 
Sample  wt% 
S-1-1 55.22 
S-1-2 55.96 
S-1-3 56.62 
S-1-4 53.61 
S-2-1 27.09 
S-2-2 27.31 
S-2-3 25.66 
S-2-4 26.8 
S-3-1 46.85 
S-3-2 45.81 
S-3-3 48.51 
S-3-4 47.07 
Average S-1/S-2/S-3 43.04 
Average S-1/S-2 41.03 
Average S-2/S-3 36.88 
Average S-1/S-3 51.21 
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Figure 2.2-5. Effect on variation of a) moisture content on the lower calorific value of the 
producer gas with different types of biomass and b) moisture content in biomass on particulate 
and tar content in the cold gas of the IISc gasifier (measurements made by various agencies in 

India and in Switzerland [American Association for the Advancement of Science, 2010]). 
 
 

Ash Content 
 
 The ash content of the turkey litter is about 140–186 times higher than pine wood. On a dry 
basis, the ash content of the turkey waste ranges from 22% to 26% by weight. The ash composition 
is shown in Table 2.2-4. The turkey litter with oat hull bedding material was utilized for producing 
ash (following ASTM International standards) for the analysis. As shown, the ash largely 
constitutes compounds of calcium, phosphorus, silica, potassium, sodium, and magnesium.  
 
 

Table 2.2-4. Inorganic/Ash Analysis 
Oxides wt% 
SiO2 13.4 
Al2O3 0.2 
Fe2O3 1.0 
TiO2 0.1 
P2O5 27.1 
CaO 32.2 
MgO 5.9 
Na2O 3.8 
K2O 16.3 
SO3 0.0 
Total 100.0 
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 This analysis revealed that a large fraction of the ash is composed of compounds that can 
contribute to the production of value-added by-products, particularly when gasification is used as 
a conversion process. It also revealed that the fuel has the tendency to form clinkers under high-
temperature conversion processes, thus putting a restriction on the fuel conversion temperature. 
Low-temperature gasification is an ideal process for turkey litter. 
 
 A preliminary bench-scale gasification study was conducted to understand ash behavior in 
terms of propensity to form clinkers. The maximum turkey litter throughput in the bench-scale 
system was 5 lb/hr. The experiments were conducted in a thermally integrated mode in which the 
product gases from a natural gas combustor were recirculated in a cylindrical annular space to 
maintain constant fuel bed temperature in the reactor, as described by Patel (2010). 
 
 Figure 2.2-6 shows photographs of the clinkers that were formed in the bench-scale setup 
operated at isothermal conditions maintained between 810°C and a higher bed temperature. The 
experiments conducted at temperatures lower than this and under self-sustained gasification mode 
were not found to produce clinkers. It was found that submicrometer-sized inorganic fumes were 
formed and were observed to have deposited on the inside surface of the reactor site glass under 
all gasification conditions. Further experiments were conducted in the pilot-scale gasifier (50– 
70-lb/hr system) to understand the composition of the fume formed during self-sustained 
gasification. 
 
 

 
 

Figure 2.2-6. Postgasification photographs of the clinker formed in the 3-in.-diameter bench-
scale gasifier: a) clinkers on the surface of the bed covering the complete cross section of the 

reactor and b) clinkers removed from the gasifier for size and composition analysis. 
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Turkey Litter Leachate Analysis 
 
 The soluble components in the turkey litter were determined by analysis of the turkey 
leachate prepared by trickling 1 L of water from 200 g of 55% moisture turkey litter (oat hull 
beading, Table 2.2-1, Column 5). The leachate (filtrate) was filtered using Grade 40 filter paper in 
order to ensure removal of large suspended particles. Scanning electron microscopy (SEM) 
analysis of the bone-dry leachate material was conducted in order to understand the inorganic 
distribution that can leach from the farm soil along with water after heavy rain on farmland 
fertilized with turkey litter. 
 
 Figure 2.2-7a depicts the results of the leachate (filtrate) analysis. As can be seen, the 
chemical oxygen demand (COD) of the leachate is about 23,000 mg/L, several orders of magnitude 
higher than disposal limits set by EPA, meaning that the litter will be prohibited from land or water 
disposal. It is expected that a manure management program takes this into account in distributing 
the turkey litter on farmland. It should be noted that a large fraction of soluble phosphorus is 
released in the form of rainwater leachout, and instead of being made available to the soil, it may 
find its way to flowing water bodies.  
 
 The arsenic that remained undetected in the SEM because of the presence of a nondetectable 
fraction was detected by the trace metal detection technique. The presence of Cu in the leachate 
was also in excess of acceptable limits for land water disposal (2000 µg/L). 
 
 The SEM–energy-dispersive spectrometry (EDS) results of leachate solids obtained by low-
temperature evaporation on a petri dish and multipoint inorganic analysis are shown in  
Figure 2.2-8. The analysis revealed the presence of salts of Na and K, with Cl chlorides, P 
(phosphate), and S (sulfate). A larger fraction of Ca and Si is insoluble and, therefore, only a small 
fraction of these inorganics was found in the SEM–EDS analysis. The crystal dendrite structure 
shown in the SEM image of the dry solids is identified to be alkali salts. 
 
 

 
 

Figure 2.2-7. a) Analysis of the turkey litter leachate and b) liquid leachate  
preserved in gas-tight bottle. 
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Figure 2.2-8. a) SEM of leachate material dried on a petri dish and  
b) mineral composition at six points on the dry leachate SEM image. 

 
 

Gasification Experiments 
 
 These tests were conducted with the aim of understanding the feasibility of steady-state 
gasification on high-moisture, high-inorganics turkey waste at the pilot scale (50–60 lb/hr) and 
acquiring preliminary gasifier operational data. The feedstock for this test was a 43%-average- 
moisture-content oat hull turkey litter. In a single test, the gasifier system was operated for a total 
of about 8 hr, including start-up and shutdown. Gasifier operating conditions were unaltered during 
the test run in order to maintain a continuous steady state; however, as the test program was 
preliminary, various other operating conditions were tested. These conditions were not only aimed 
at attaining best-case steady operation but also those conditions that might upset gasifier operation, 
such as injection of high-moisture turkey waste. 
 

Cold Start-Up – Oak Wood Charcoal Gasification 
 
 During gasifier start-up, charcoal was used as the bed fuel for ignition and reactor heatup. 
Data were collected during start-up and, for a short period of time, at steady-state operation. The 
results of the charcoal gasification test are presented in order to compare the variations in gas 
composition and bed temperature observed during turkey litter gasification with low-volatile-
fraction charcoal. The test results shown in Figure 2.2-9 depict syngas composition and bed 
temperature variation with time for three phases of gasification (ignition, devolatilization, and 
carbon gasification). 
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Figure 2.2-9. Charcoal gasification test results depicting syngas composition and bed 
temperature variation with time obtained during ignition, devolatilization, and carbon steady-

state gasification. 
 
 
 A steady-state bed temperature was observed to have been attained soon after sustained 
ignition occurred. The oxygen concentration reduced to near 0%, while the concentration of 
combustible syngas species (H2, CO, and CH4) increased. Since the char contains volatiles 
during the initial gasification phase, the concentration of H2 and CH4 species attains peak values. 
In this batch-mode charcoal gasification experiment, the fuel volatiles depleted rapidly, resulting 
in reduced H2 and CH4 concentrations. Subsequent carbon gasification resulted in an increase in 
CO concentration, peaking at about 21%. The CO2 concentration decreased during this gasification 
phase until complete conversion of carbon in the bed occurred. A CO/CO2 ratio greater than 10 
obtained in the gasifier is attributed to the ability of the gasifier to maintain bed temperature 
profiles such that near-complete conversion of carbon is possible under self-sustained (without 
external heating) gasifier operation. 
 

Turkey Litter Gasification 
 
 Besides high moisture and high ash concentration, the use of high-fine-concentration fuels 
in commercial downdraft gasifiers has been demonstrated a challenge in attaining rated 
gasification efficiency and syngas contaminant levels (see Figures 2.2-5a and b). As a result, such 
fuels are unacceptable for gasification in standard systems. The efforts in the current study were 
aimed at developing an understanding of the gasification of as-received turkey litter, i.e., without 
any modifications or preparation. 
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 The operating procedure of the gasification system is published in Patel et al. (2009). A total 
of four experiments were conducted in the pilot plant gasifier in order to develop a preliminary 
understanding of material feeding, syngas and residue extraction, syngas composition, tar and PM 
gravimetric and composition quantification, inorganic fume composition, syngas scrubbing and 
removal of trace syngas components, and the effect of dead bird (mortality waste) addition on 
syngas composition and to provide a demonstration run for client viewing. The results of gasifying 
43%-average-moisture-content oat hull turkey litter and tar and particulate measurement 
conducted in a steady-state, self-sustained gasification mode are discussed in the following section. 
 
 Figure 2.2-10 shows turkey waste (oat hull) gasification test results depicting syngas 
composition and bed temperature vs. time history. The fuel was continuously injected at a constant 
rate of 61 lb/hr in order to maintain fuel conversion rate and bed height. The screw-based feeding 
augur experienced no difficulty in transporting the turkey litter to the gasifier; however,  
slight poking was found necessary to assist in smooth fuel flow in the vertical 20-in.-internal-
diameter pipe hopper. The dead turkey birds were injected intermittently directly from the top of 
the gasifier through the top view site port, as shown in Figure 2.2-4e. 
 
 The hot syngas was cleaned in the pilot plant scrubber system. Fuel ash content was high; 
therefore, the residue dump system was operated during the test in order to remove gasification 
residue (see Figure 2.2-11b). The test was ended voluntarily after approximately 7 hr of operation. 
The gasifier produced water at a rate of 5.5 L/hr (1.45 gal/hr). The sensible and latent heat of 
vaporization were extracted in the gasifier-cooling system. The clean syngas was flared. 
 
 A summary of syngas composition and higher heating value (HHV) is provided in  
Table 2.2-5. The average H2/CO ratio achieved was 1.3; the highest ratio achieved was 2.68 (H2: 
22.6, CO: 8.4, CO2: 16.3), primarily because of an augmented internal shift reaction, which is one 
of the features of the gasifier. The high concentration of CO2 was primarily due to the water–gas 
shift reaction. It would be possible to produce a syngas with lower CO2 concentrations in the 
current gasifier design using different operating conditions. 
 
 The average CH4 and higher hydrocarbon (CxHx) concentration in the syngas was 0.92% and 
0.2%, respectively. The highest CH4 concentration measured was 2.4%, indicating a high extent 
of tar conversion. These values were observed for durations of only 3 to 4 min during the test. 
Since instantaneous tar concentration is not possible to measure, the CH4 concentration was used 
as an indicator of tar production. Generally, a CH4 concentration greater than 2% is indicative that 
heavier tars are being formed. 
 
 The bed temperature profile shows a significant variation in the high-temperature zone of 
the gasifier. The average bed temperature achieved was 700°–800°C, which is desired for attaining 
carbon gasification and is indicated by consistent CO and H2 concentration in the syngas. The 
upper bed temperature was below 150°C. Evaporation and devolatilization occur in this upper cold 
zone prior to ignition of the particles in the bed. The bed depth was found to be greater as an effect 
of higher moisture content in the test fuel. This expansion of the cold zone can be compared to the 
effect of moisture on single-particle ignition delay as earlier observed by Patel et al. (1996) in the 
case of single-particle combustion studies performed on distillery effluents consisting of moisture 
ranging from 0% to 45%. 
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Figure 2.2-10. Turkey waste (oat) gasification test results: a) syngas composition vs. time profile 

and b) bed temperature vs. time history obtained during turkey waste (oat) gasification with a 
syngas flow rate of 33 scfm. 

 

 
 

Figure 2.2-11. Photographs of the a) reaction front in the gasifier and b) hot residue extraction 
during the steady-state gasification process. 
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Table 2.2-5. Average Syngas Composition, HHV, and Standard Deviation Obtained 
During Performance Test 3 

  
CO, 
% 

CO2, 
% 

CH4, 
% 

H2, 
% 

CxHy, 
% 

HHV, 
MJ/m3 

HHV, 
Btu/ft 

Average Syngas Composition 13.52 12.81 0.92 17.44 0.20 4.40 
118.1

8 
Standard Deviation 2.86 1.65 0.33 2.23 – 0.70 20.90 

 
 
 Table 2.2-6 shows results of calorimetric tube measurement of trace syngas components 
obtained during gasification of turkey litter sawmill high-moisture wood waste. The toluene and 
xylene measurements give a comparative qualitative assessment of tar concentration in the syngas. 
Based on these measurements, it was found that turkey waste gasification produces low 
concentrations of syngas as compared to that of woody biomass. As shown in Table 2.2-1, although 
the nitrogen content of turkey waste is three orders of magnitude higher than that of woody 
biomass, the trace N species HCN is 1 or lower. It was found that about 95% of the total fuel 
nitrogen is converted to ammonia because of the reducing conditions in the gasifier. As shown in 
the Table 2.2-6, the amount of NH3 in the cold syngas is 5 ppmv or less than the detectable limits, 
primarily because of its high water solubility, and as a result, is nearly completely removed during 
syngas scrubbing. It is, however, observed that the NH3 concentration in the syngas increases with 
time as a result of increase in water pH (and partially because of the increase in temperature) 
causing reduction in ammonia solubility. The H2S concentrations in Test 1 and Test 3 are 50 and 
25 ppmv, respectively, which is about twice as high as that of higher-moisture biomass. 
 
 The syngas production/biomass feed ratio was 1.74. The flow rate remained almost constant 
during the experiment. The average HHV of the gas was 4.4 MJ/m3, which is acceptable for 
internal combustion (IC) engine operation for electrical generation applications. Inorganics from 
the fuel did not agglomerate because of the bed temperature distribution; therefore, the solid 
movement in the bed was maintained. 
 
 

Table 2.2-6. Results of Calorimetric Tube Measurement of Trace Syngas 
Components Obtained During Gasification of Turkey Litter Sawmill Wood Waste 
from Marcel 

 

Wood Shaving 
Turkey Litter 

Test 1 
10:40–10:50 

Oat Hull Turkey 
Litter 
Test 3 

11:50–12:10 

Reference High-
Moisture Wood 

Waste 
9:06–10:10 

Toluene, ppmv 200 Not measured 400.0 
Xylene, ppmv <2 Not measured 2.5 
HCN, ppmv 1 <1 0.8 
NH3, ppmv 5 Not detected Not detected 
H2S, ppmv 50 25 11.0 
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 Table 2.2-7 shows mass and energy balance and average gasification efficiency based on 
measured gasification parameters. The gasifier is designed to achieve complete carbon conversion; 
therefore, except to remove inorganic residue, the extraction screw is not operated.  
Figures 2.2-11a and b show photographs of the reaction front in the gasifier and hot residue 
extraction during the steady-state gasification process, respectively. Cold gasification efficiency, 
which is the ratio of chemical (unconverted thermal) energy in the syngas to the thermal energy 
input based on HHV, is 75.8%. Since a partial overlap of gasification of residual charcoal is 
expected during the initial 8-hr gasification tests (typically less than 5% of the total turkey litter 
injection rate), its contribution in calculating gasification efficiency (total thermal value of input 
in the denominator) has been considered. It was observed that the charcoal is significantly 
consumed during the gasifier heatup phase, and the transition from charcoal gasification to turkey 
litter gasification is short, which is noted by observing a significant change in gas composition. 
 
 

Table 2.2-7. Gasifier Performance During Test 3 
Gasifier Performance      
Test Duration 324.6 min 
Turkey Litter Throughput 28.05 kg/hr 
Additional Char Consumed  1.5 kg/hr 
Airflow Rate 35.8 kg/hr 
Water in Dry Air (RH 80%, Ta = 16°C) 0.29 kg/hr 
Turkey Litter Moisture 43 % 
Turkey Litter Calorific Value 9.95 MJ/kg 
Thermal Input (tie) 77.5 kW 
Char Moisture 5 % 
Char Calorific Value 31.35 MJ/kg 
Thermal Input (char) 13.1 MJ/kg 
Net Thermal Input 90.6 MJ/kg 
Syngas: Thermal Output      
HHV 4.4 MJ/m3 
Syngas Flow Rate (18°C) 56.22 m3/hr 
Gas Density @ 18°C 0.98 kg/m3 
Syngas Mass Flow Rate 55.18 kg/hr 
Thermal Output (syngas), HHV 68.71 MJ/m3 
Efficiencies     
Gasification Efficiency, HHV 75.85%  
Mass Balance     
Total Mass Input 65.06 kg/hr 
Cold Syngas Output 55.18 kg/hr 
Residue 3.6 kg/hr 
Water 5.5 kg/hr 
Moisture in Syngas (1.2% sat.) 0.66 kg/hr 
Total Mass Output 64.94 kg/hr 
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 Higher gasification efficiency is an indication of higher conversion of the organics present 
in the fuel and one of the distinct features of the advanced gasifier. This conversion of volatile 
compounds is critical to effective gasifier operation because it increases conversion efficiency of 
fuel to syngas and reduces tar loading to syngas cleanup systems. 
 

Tar and Particulate Measurement 
 
 One of the important performance characteristics of the gasifier is determined by quantifying 
the tar and PM in the syngas. The condensable tars typically heavier than benzene are considered 
problematic in applications such as power generation in an IC engine. Toluene and xylenes could 
be considered as engine performance enhancers; however, engine manufacturers have yet to 
characterize engine performance as a function of the effect of these components. Similarly, the 
effect of heavier components in the catalytic synthesis of Fisher–Tropsch (FT) liquids or methanol 
is not clearly understood. 
 
 A low concentration of gaseous hydrocarbons in syngas is a qualitative indication of the 
presence of low contaminants (tar and PM) in the syngas. In practical applications, tar and PM are 
not determined. As an effort to evaluate the gasifier’s ability to minimize the production of these 
contaminants, tar and particulates were determined during the gasification of turkey litter and 
compared with an earlier gasification test with railroad ties. 
 
 Elaborate tar- and particulate-sampling and analysis procedures have been developed and 
implemented. A general outline of the procedures is found in the European Tar Protocol (U.S. 
Environmental Protection Agency, 2010). Figure 2.2-12 depicts the tar- and particulate-sampling 
system used in the pilot plant gasifier. Tar and PM concentrations in the hot (unscrubbed) gas were 
measured. The syngas was isokinetically sampled and passed through heated thimbles (see  
Figure 2.2-12, Module 2) used for capturing particulate. The tar-laden syngas was passed through 
a series of impinger bottles (Modules 3 and 4) filled with dichloromethane (DCM) in which the  
 
 

 
 

Figure 2.2-12. Tar- and particulate-sampling system in pilot plant gasifier. 
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tar is captured by dissolution. DCM is an excellent solvent for capturing and analyzing tar by gas 
chromatography (GC) techniques. In the standard method, gravimetric tar determination is 
achieved by evaporating the solvent. The more accurate method used in the current determination 
was through direct speciation and quantification of tar species using GC. 
 
 The total volume of sampled syngas was measured using a gas flowmeter in Module 5. This 
module consists of a pump, a rotameter, a gas flowmeter, stainless steel needle and ball valves, 
and pressure and temperature indicators to accurately determine the sample gas volume. The gas 
leaving Module 5 is then vented to the flare. 
 
 Table 2.2-8 shows the tar and PM sampled from the hot (or unscrubbed) syngas sampled 
during steady-state gasification of turkey litter and railroad ties. The tar heavier than benzene was 
14 mg/m3. Since the benzene and lighter-than-benzene organics are typically not reported, the 
value is not shown in Table 2.2-8. This lighter hydrocarbon concentration was detemined to be  
49 mg/m3. The direct speciation and quantification of the hydrocarbon is found to be more accurate 
in conducting gravimetric analysis as compared with other techniques involving solvent 
evaporation. Since, the noncondensable tar such as benzene and lighter-than-benzene organics 
combust effectively in the combustion chamber of the reciprocating generators, tars heavier than 
benzene are reported in accordance with the European Tar Protocol. Table 2.2-8 shows 
condensable tar concentrations in the syngas. 
 
 As shown in Figure 2.2-5, and considering the current state of the gasifier and its limitations 
to operate efficiently to produce clean syngas usable in the IC engine at higher moisture, the 
experiment demonstrated the ability of the gasifier to produce clean syngas using the high-ash, 
high-moisture turkey litter. 
 
 Table 2.2-8 shows the tar concentration measured in creosote-treated railroad tie gasification 
syngas in order to understand the comparative performance of two different fuels in the same 
gasifier. As can be seen in Table 2.2-8, the tar concentration in railroad tie syngas is 822 mg/m3, 
which is an order of magnitude higher than turkey litter, the result of the presence of a higher 
fraction of long-chain hydrocarbons such as creosote. Although the tar concentration in the case  
of railroad tie gasification is higher than turkey litter, it is within the limits of the best-performing 
distributed gasification system with dry woody biomass as feedstock. 
 
 

Table 2.2-8. Comparative Summary of the Gravimetric Analysis of Tar (heavier than  
benzene) and PM Sampled from the Hot Side – Railroad Tie and Turkey Waste Gasification 

Fuel 

Contaminants 
Sampled  
Syngas 

Volume, Nm3 

Concentrations in Producer Gas 

Particulate 
Filters, mg 

Tar Heavier 
than Benzene, 

mg 
Particulate, 

mg/Nm3 
Tars, 

mg/Nm3 
Turkey 
  Waste 73 5.45 0.383 190.6 14 
Railroad 
Ties 230 534 0.65 353.3 822 (12)  
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 The PM concentration in the syngas was 190 mg/m3, which is lower than in the case of 
railroad ties (353.3 mg/m3). The differences in the tar and PM concentration are due to 
characteristic differences in the physicochemical properties of the different fuels that dictate the 
gasification process in the gasifier. The preliminary experiments (or fuel-scoping study) are 
typically conducted to understand optimized gasifier operating features that minimize production 
of tar and PM concentrations in syngas. 
 
 Owing to the presence of a large amount of inorganics in the turkey litter and the expected 
larger fraction of submicrometer-sized-PM that can escape the scrubbers, cold-side or scrubbed 
syngas particulate concentration was determined. The PM was collected in the identical apparatus 
used for hot-side sampling. The cold-side particulate concentration was found to be 68 mg/m3. 
 
 Based on this study, it is inferred that the tar-scrubbing system will be less intensive as 
compared to the case of railroad ties which have higher tar and PM concentration; however, a 
secondary particulate capture device could be required for removing fine PM. The inorganic 
analysis is presented later in this report. 
 
 Tar species concentration results in the case of turkey waste are shown in Figure 2.2-13. The 
identified species in the case of railroad ties and woody biomass are also shown as “x” marks. As 
can be seen, the number of tar species identified in the hot syngas from turkey litter gasification 
are three (and four including benzene). This number is far lower than that found in the railroad tie 
and woody biomass gasification. These preliminary results indicate that besides the low 
concentration of tar, the concentration of heavier tar species is far lower than in other forms of 
biomass. 
 
 Figure 2.2-14a shows the quartz thimble fixed on the stainless steel holder that was used for 
collecting PM from the hot syngas sampled. The color of the unused filter is pure white, while the 
change to a pale color is due to the presence of PM on the outside surface of the spent quartz 
thimble filter. Figure 2.2-14b shows a photograph of the tar collected in the impinger bottles. 
 

Turkey Litter Gasification Process Water and Residue Analysis 
 
 The fate of inorganic species in gasification is important for understanding postgasification 
processing of syngas including the design of scrubbing systems specific to various syngas 
applications and recovery of value-added by-products. A small fraction of trace metals and other 
major inorganic species in the original material turkey litter is found to have been released as 
carryovers and aerosols in the gas phase, and the remaining major fraction is removed as solids 
from the gasifier residue extraction system. The PM and aerosols are primarily removed in the wet 
scrubber system prior to syngas application as fuel or feedstock for syngas-to-liquid production 
based on FT processing. 
 
 The following section describes preliminary results of the SEM–EDS analysis of the 
inorganic species present in the submicrometer-sized aerosols, macroscopic PM, and 
postgasification experiment scrubber water for determining trace metals and nitrogen species that 
are removed in the scrubber water. The solid residue extracted from the gasifier is analyzed as 
water-soluble and insoluble material. SEM–EDS analysis of the clinker that can typically 
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Figure 2.2-13. Depiction of a range of tar species and their concentrations in turkey litter 
gasification syngas. The identified species in the case of railroad ties and woody biomass are also 

shown as “x” marks. 
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Figure 2.2-14. a) Hot-side PM collected on quartz thimble filter – isokinetic tar and particulate 
and b) tar collected in solvent – DCM – bottles arranged in series. 

 
 
form in the moderate- to high-temperature gasification process is also presented. The clinkers were 
formed during gasification experiments conducted in a thermally assisted bench-scale gasifier at 
higher-temperature conditions (greater than 800°C) that are susceptible to the formation of 
clinkers. 
 

Analysis of Syngas Scrubber Water  
 
 The primary aim of the wet scrubbing system is to remove trace metals and other solid- and 
gas-phase inorganics in addition to the condensable and soluble organics or tar material.  
Figure 2.2-15 depicts the concentration of alkali, alkaline-earth, and heavy metals present in the 
scrubber water. The scrubber water shows the presence of a significant fraction of metals Cu, Zn, 
As, Ni, and Mo that have been scrubbed from the syngas. This finding shows that the scrubbers 
help to avert the formation of toxic compounds that could be re-formed in typical combustion 
environments, such as a boiler or an IC engine, because of catalytic effects of these metals, 
particularly Cu. 
 
 With NOx being a major criteria pollutant, the removal of nitrogen species as ammonia in 
the water scrubber system is one of the most effective and economical processes. Water analysis 
shows the presence of a significant amount of ammonia. The trace gas analysis presented in  
Table 2.2-6 shows zero to very low concentrations of ammonia downstream of the scrubber. As a 
result, the typical NOx concentration measured downstream of the syngas combustor (or flare 
operated near air stoichiometry) was found to be less than 15 ppmv. 
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Figure 2.2-15. Turkey waste gasification scrubber water analysis. 
 
 
 A preliminary experiment was conducted to understand the ability of gasification residue to 
serve as water filter media for removal of soluble organics (primarily phenols and ketones) and 
metals such as Cu, As, Zn, and Ni. These experiments showed the possibility of utilizing 
gasifier residue for removing water contaminants and demonstrated the unique characteristics of 
the residue as a value-added feedstock for metals and soluble organic removal. 
 
 Experiments were conducted to remove ammonia from the water based on an innovative 
process that has been developed for separating the ammonia. It was found that greater than 90% 
of fuel N2 (by weight) could be removed as recoverable ammonia. The process will thus assist in 
effective ammonia separation such that the loss of nitrogen from the turkey litter can be prevented 
and a nitrogen-rich value-added product obtained. 
 
 The current design of the scrubber system on the EERC pilot-scale gasifier is based on the 
requirements for the removal of tar or condensable hydrocarbons present in the syngas. Additional 
packed-bed filters may be required for removal of finer PM while employing a less intense wet 
scrubbing system owing to low tar concentrations in the hot syngas. In order to understand these 
requirements, cold-side particulate concentration and inorganic composition measurements were 
conducted simultaneously with hot-side particulate measurement.  
 

Bulk Residue Extracted from Gasifier 
 
 The major fraction of inorganics is recovered as solid residue from the gasification process. 
This residue is extracted and processed for the recovery of value-added by-products. A simple 
water-leaching process was conducted in order to separate and understand the soluble and 
insoluble fraction of the residue recovered. About 5% to 8% by weight of the total inorganics was 
water-soluble.  
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CONCLUSIONS 
 
• Turkey litter is a complex mixture of organic and inorganic compounds consisting of 70%–80% 

combustible solids and 20%–30% inorganics on a dry basis.  
 
• The moisture content of turkey litter was found to vary greatly between 26% and 55%, while 

the role of mortality waste in the overall gasification process was to increase moisture content 
of the gasification feed to as high as 10%.  

 
• Based on ultimate analysis, the C/H and C/O ratios of the turkey litter (five different types) are 

comparable to that of pine wood on a dry, ash basis, while the sulfur and nitrogen are 5.6 and 
up to 380 times higher, respectively, on a DAF basis.  

 
• The largely varying moisture fraction and the presence of more than 11 inorganic species and 

an equal number of trace metals, including Cu, Zn, and As, make the turkey litter unique and 
challenging for conversion in a commercial process. 

 
• The COD of the leachate of turkey litter is about 23,000 mg/L, indicating that the litter will be 

prohibited from land or water disposal because of its COD value being several orders of 
magnitude higher than the typical disposal limit value. 

 
• The gasification test with 43% average-moisture-content (oat hull) turkey litter demonstrated 

75.8% cold gasification efficiency and the production of 4.4 MJ/kg (or 118 Btu/ft3) of syngas 
on a HHV basis. 

 
• The concentrations of tar and PM in hot (or unscrubbed) syngas during steady-state, self-

sustained gasification operation were 14 and 190.6 mg/m3, respectively. In the case of creosote-
treated railroad ties, the tar and PM were measured at 822 and 353 mg/m3, respectively. 

 
• As a favorable effect of the higher concentration of alkali in turkey litter ash, the H2S 

concentrations in clean syngas from two gasification tests were 50 and 25 ppmv, which is only 
two times higher than in the case of biomass, even though sulfur in turkey litter is about  
5.6 times higher than pine wood. 

 
• A significant fraction of Cu, Zn, As, Ni, and Mo was found in the water. 
 
• The pilot gasification experiments did not show a significant presence of clinkers which is 

attributed to the ability of the gasifier to attain desired temperature and carbon conversion. 
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SUBTASK 3.1 – PROJECT MANAGEMENT 
 
 
 Duties within this subtask included the day-to-day management necessary to make the 
project successful for the U.S. Department of Energy (DOE) in general and, in particular, for the 
Energy Efficiency and Renewable Energy Biomass Program. Project application documents and 
budgets were processed in a timely fashion as well as all quarterly, final topical, hazardous 
substance, milestone, and annual operating plan reports. In addition, all financial information 
requested by DOE was provided according to DOE specifications and formats. Periodic review 
meetings were held with all principal investigators in charge of specific technical activities to 
ensure that progress was being made and project objectives were being fulfilled. 
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SUBTASK 3.2 – EDUCATIONAL OUTREACH 
 
 
 Educational elements of this task included developing presentations and, in some cases, 
exhibit booth displays for various international and regional conferences in order to disseminate 
information on technologies and breakthroughs being accomplished in the project. The Energy & 
Environmental Research Center (EERC) hosted a regional 2-day workshop, with presentations 
from scientists, engineers, and project managers to talk primarily about technical breakthroughs in 
developing energy, fuels, and chemicals from biomass. This was the seventh such event. The 
workshop was designed very simply, with a single stream of presentations so all attendees heard 
the same papers presented. Ample breaks and networking opportunities were provided through 
lunch, a reception and, especially, an exhibit forum.  
 
 In addition to organizing the technical sessions and speakers, the EERC put together 
conference registration forms, printed marketing materials, developed an informational Web site, 
and conducted the event. The event covered topics such as biomass resources, processing cellulosic 
ethanol production, cellulosic green diesel, hydrocarbon fuel production, biopower opportunities 
and demonstrations, and biorefinery chemicals and products. The Biomass ’09 Technical 
Workshop attracted more than 300 registrants from more than 25 states and three Canadian 
provinces.  
 
 The 2-day event was held at the Alerus Center in Grand Forks, North Dakota, July 14–15, 
2009. It was the 7th annual biomass workshop focused on power, fuels, and chemicals from 
biomass. Attendees represented more than 180 organizations, nearly 60% of them from private 
industry. 
 
 The workshop included four main sessions focused on trends and opportunities in biomass 
utilization, biofuels, feedstocks, and biomass for heat and electricity, with more than 30 speakers, 
and an expanded exhibit show of 39 exhibitors. U.S. Senators Byron Dorgan and Kent Conrad 
provided comments through video presentations. 
 
 Event sponsors included Signature Sponsor the North Dakota Department of Commerce 
Division of Community Services State Energy Program; Partnering Sponsors Barr Engineering 
Company, Fredrikson & Byron, P.A., Great River Energy, Manitoba Hydro, North Dakota Farmers 
Union, North Central Sun Grant Center (South Dakota State University), and Xcel Energy; and 
Event Sponsor Otter Tail Power Company. 
 
 The biomass conference venue provided a productive means for DOE to showcase the 
impact of its research funds and provide growth opportunities in real-world biomass technologies. 
Information and results generated by this project were presented to other researchers and industry 
peers. The conference/workshop venue also provided opportunities for networking among a wide 
demographic, including researchers, commercialization entities, government workers, developers, 
and the general public so as to further the cause of innovative research that can lead to real-world 
applications for biomass. The EERC presented several papers at this event and other conferences 
and peer review events.  
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SUBTASK 3.3 – STRATEGIC STUDIES 
 
 
 Strategic studies activities included attending meetings to discuss future directions for 
thermochemical and other processes for biomass conversion and relationship-building with 
biomass academics, resource providers, equipment manufacturers, and organizations interested in 
implementing bioenergy or bioproduct projects. Short articles and papers were written on specific 
topics of renewable fuels and biomass utilization for internal purposes and for trade journal 
articles. Forward planning for cutting-edge biomass utilization research in accordance with U.S. 
Department of Energy plans and objectives was conducted. 
 
 Specific conferences and meetings attended included the Biomass to Electricity Workshop, 
Jamestown, North Dakota, December 1–3, 2009; a meeting with Farmers Union, Moorhead, 
Minnesota; a meeting with American Crystal Sugar Company, Bismarck, North Dakota; a 
presentation and discussion of project support with the North Dakota Industrial Commission, St. 
Louis, Missouri; meetings at Abengoa Biofuels, Orlando, Florida; the International Water 
Conference, Beijing, China; a presentation at the World CTL 2010 Conference, San Antonio, 
Texas; the 2009 Biodiesel Technical Workshop, Portland, Oregon; the International Biomass 
Conference and Expo, Coral Gables, Florida, April 28–30, 2009; speaking at the Biomass Finance 
and Investment Summit, Las Vegas, Nevada, January 26–28, 2009; the Renewable Energy World 
Conference and Expo, National Harbor, Maryland; Biomass 2009 Conference, Clearwater Beach, 
Florida; the 34th International Technical Conference on Coal Utilization and Fuel Systems,  
State College, Pennsylvania, May 31–June 4, 2009; a meeting with directors of the Penn State 
Earth and Mineral Sciences Energy Institute, Chicago, Illinois; TC Biomass 2009, “The 
International Conference on Thermochemical Conversion Science,” St. Petersburg, Florida; the 
Biomass to Electricity Conference, Phoenix, Arizona; and attendance as an author at the EUEC 
Conference, February 1–3, 2009. 
 
 In addition, a small project was completed under this subtask, entitled “Gasification of 
Miscanthus.” The report is included in Appendix A.
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GASIFICATION OF MISCANTHUS 
 
 
INTRODUCTION 
 
 Distributed electrical generation produced from piston engines firing low-Btu gas from 
biomass gasification is an economical solution for industrial loads of 100 kWe–1 MWe. 
However, the gas must be cleaned to levels acceptable for engine operation. The Energy & 
Environmental Research Center (EERC) explored the range of biomass fuels that can be 
successfully gasified using downdraft technology. This feasibility study was undertaken by the 
EERC in cooperation with Rural Energy Marketing LLC of Luverne, Minnesota, to evaluate 
miscanthus as a possible gasification feedstock. 
 
 
FUEL DESCRIPTION 
 
 The fuel tested during this project is properly known as Miscanthus floridulus. Common 
names include giant miscanthus, giant eulalia grass, Japanese silver grass, and Amur silver grass. 
 
 Giant miscanthus is a huge and robust ornamental grass that can stand as tall as 15 ft and 
spread out more than 8 ft (2.4 m) across. The leaves are flat but slightly folded, about 1½ in. 
wide and 3 ft (0.9 m) long. They are deep green with a white midvein. The leaves arch gracefully 
outward from stout reedlike culms (stems) up to 2 in. (5 cm) in diameter that grow upright from 
a central clump. The overall appearance is like a giant green water fountain. In late summer or 
autumn, giant miscanthus produces 18–20 in. (46–51 cm) silvery, silky plumes that are held high 
above the leaves on strong stems. The plumes stay silvery-white, but the foliage turns beige and 
russet in early winter. The leaves eventually drop off in winter, leaving just the vertical stems. 
Although it is technically a clump grass and not a turf-forming grass, giant miscanthus spreads 
and enlarges slowly with short underground rhizomes (Floridata, 2008; Gibson, 2007; Brummer 
et al., 2001). 
 
 Miscanthus species are native to southeastern Asia, China, Japan, Polynesia, and Africa 
and are currently distributed throughout temperate and tropical areas of the world. The 
miscanthus genotype with the greatest biomass potential is a sterile, hybrid (miscanthus × 
giganteus) likely of M. sacchariflorus and M. sinensis parentage. This strain is being studied for 
biomass production and has a narrow genetic base, which may slow breeding improvements. 
 
 Giant miscanthus flowers late in the season and may not bloom at all in certain northern 
latitudes. Annually, dead stems should be cut back to the ground before new growth begins. 
Miscanthus does best in full sun and is likely to stretch for the sun and wind up falling over if 
planted in too much shade. Miscanthus requires lots of water during its growing season, but likes 
it dry in the winter. It tolerates fairly moist soils, but does best in well-drained soils with frequent 
watering. Regional soil consideration suggests U.S. Department of Agriculture (USDA)  
Zones 5–9 as appropriate cultivation zones. Giant miscanthus flowers best following long, hot 
summers, and it may not flower at all in Zones 5–7. 
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 Miscanthus X giganteus is a perennial, warm-season grass with a C4 photosynthetic 
pathway. Unlike most C4 species, photosynthesis and leaf growth can be sustained at relatively 
low temperatures (as low as 43°F). Miscanthus X giganteus is sterile and must be propagated 
vegetatively. Miscanthus X giganteus grows as a bunchgrass and will spread slowly with short 
rhizomes. It has erect stems 5 to 12 ft tall. Dry matter accumulation increases rapidly during 
June, July, and August, reaching its maximum dry matter yield in late summer. Autumn frost 
stops annual growth of miscanthus. Studies conducted in Iowa show that in that region regrowth 
begins in early May. Miscanthus has a lengthy stand life, with replanting being necessary after  
15 years (Floridata, 2008; Gibson, 2007; Brummer et al., 2001). Giant miscanthus is propagated 
by dividing the root crown with a backhoe or steam shovel. 
 
 
EQUIPMENT 
 
 For testing, the EERC utilized an Ankur Scientific fine biomass gasifier (FBG) that was 
modified and integrated into a small, portable demonstration unit. Ankur Scientific 
(www.ankurscientific.com) is a company that has been supplying biomass gasifiers in the small 
5-hp irrigation pump size to 500-kW electric generator size for approximately 20 yr in India. 
Publications suggest that gasifiers from Ankur can produce clean gas (contaminants below  
10 ppm) (Wen et al., 1998). Ankur Scientific donated a gasifier to the EERC in 2006, and the 
mobile unit was constructed in 2007. Commercially, the FBG series gasifier is used primarily to 
gasify rice hulls. The gasifier is a stratified, or “open top,” downdraft gasifier, shown in  
Figure A-1. 
 
 The FBG-40 is designed to consume 105 lb/hr (48 kg) of fuel and produce up to  
59 scfm (100 Nm3/hr) of syngas (Ankur Scientific, 2008). Figure A-2 shows the process and 
instrumentation diagram (P&ID) for the system as utilized in testing. 
 
 

 
 
 

Figure A-1. Ankur FBG gasifier and stratified gasifier reduction zones. 
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Figure A-2. P&ID for portable demonstration gasifier system used in testing. 
 
 
PROCEDURE 
 
 Using the FBG-40 portable gasification system, two sizes of ground miscanthus were 
tested. Sizes included finely ground material less than 3/8 in. in size and coarsely ground 
material less than ½ in. in size. 
 
 Upon arrival at the EERC, the material was subjected to proximate and ultimate analysis 
and then divided into coarsely and finely ground material. It was then stored in a climate-
controlled environment to ensure stability of fuel moisture. 
 
 Prior to testing, the gasifier was emptied of all ash and char to ensure no cross-
contamination from previous fuels. The reactor was then charged with 20 lb of charcoal. This 
material provides the base for the reactor and is ignited just prior to testing.  
 
 Once the system was ready for testing, an Atmosphere Recovery Inc. laboratory synfuel 
gas analyzer was connected to the system. This analyzer monitored gas composition throughout 
each test. 
 
 Once all equipment was prepared and the gas analyzer was online, the charcoal base was 
ignited and all ancillary systems were started. After initiating start-up, the exit temperature of the 
reactor was monitored. Once this temperature began to rise, the charcoal base was determined to 
be ready and testing began.  
 
 To begin the test, a full charge of miscanthus was fed. This initial charge amounted to 
approximately 300 lb of fuel for both tests. During the test, the feed-handling system was 
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operated in manual mode and additional fuel was added throughout the test, as necessary. At the 
completion of each test, the unit was shut down and cleaned out. Ash and clinker samples were 
collected and submitted for analysis. 
 
 
RESULTS AND DISCUSSION 
 
 For Test No. 1, a total of 385 lb of miscanthus was fed over approximately 4 hr and 15 lb 
of waste charcoal was collected. For Test No. 2, 474 lb of finely ground miscanthus was run over 
5½ hr and 20 lb of ash was collected.  
 
 When evaluating a potential biomass fuel source, the energy content of the producer gas is 
considered a key indicator of the fuel’s viability. Using the data collected by the laser gas 
analyzer, a net energy content for the gas was calculated for each test. Figure A-3 summarizes 
these data.  
 
 Examination of the trends in Figure A-3 reveals a highly cyclic gas quality. This cycling 
corresponds with manual manipulation of the bed which was undertaken during testing to deal 
with bridging. Figure A-3 shows that for both tests, a rapid rise in gas quality occurred at start-
up. This is a typical start-up phenomenon. Normal start-up includes a rapid rise in gas quality 
followed by steady-state conditions in ½ to 1 hr. 
 
 When it was determined that the fuel/ash had bridged, manual breaking of the bed was 
attempted. This proved to be more difficult for the finely ground material than for the coarsely 
ground material. Manual manipulation utilized a long steel rod to push through the bed and allow 
fresh fuel down into the reduction zone. This resulted in a rapid and temporary gas quality 
increase. Unfortunately, the material immediately bridged again. Once bridging was identified, 
semicontinuous bed manipulation was attempted. This resulted in periodically allowing fresh 
fuel to reach the reduction zone, hence the cyclic gas quality observed in Figure A-3. 
 
 Equilibrium or steady state was never achieved because of bridging within the reactor. 
What occurred during testing has been observed in previous EERC work and is not atypical of 
low-density fuels such as grass. That is, the fuel near the reduction zone rapidly devolatilizes, 
producing a lattice of very light carbonized char. For fuels such as wood, the loss in mass 
resulting from devolatilization causes the fuel to collapse and fall farther into the reactor. This 
happens on a continuous basis and, eventually, the char reaches the bottom of the reactor, where 
it is mechanically extracted. Experimentally, rather than collapsing, this fuel bridged across the 
reactor. This bridge of carbonized fuel was then able to support itself and prevent fresh fuel from 
reaching the reduction zone. 
 
 The FBG-40 is a typical air-blown gasifier and normally produces a gas composition of 
approximately 15±3% CO, 15±3% H2, and 3±1.5% methane (Schmidt et al., 2005a,b; Hutton et 
al., 2005). This equates to nominal gas energy content between 100 and 125 Btu/scf. As shown 
in Figure A-3, between 11:00 and 11:45 a.m., the gas quality rapidly rose toward the expected 
value of approximately 125 Btu/scf. Then at 11:45 a.m., as this first fuel completed its  
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Figure A-3. Product gas energy density. 
 
 
devolatilization, a layer of interwoven carbonized char was created that bridged the entire 
reactor. Once this happened, fresh fuel stopped reaching the reduction zone and gas quality 
rapidly began to drop. 
 
 Analysis of the gas composition in Figure A-3 results in an average energy content of the 
gas produced from the coarse material of 62 Btu/scf. For the finely ground material, that average 
energy content was 46 Btu/scf. This is lower than required for most applications. As previously 
discussed, the fuel exhibited poor flowability, and so gas quality never reached optimal/steady-
state levels. As the reactor was running fuel lean for most of the testing period, optimal gas 
quality is expected to be closer to the normal 125 Btu/scf once flow issues are dealt with. 
Examination of the start-up gas quality and the periods where manual agitation forced new fuel 
into the reduction zone showed rapid improvement in gas quality. Based on experience with 
similar fuels, the energy content during these short periods can be used as an indicator of the true 
potential of this fuel. During these short periods, the coarse material reached a maximum of  
123 Btu/scf and the fines reached 106 Btu/scf. These values are significantly greater than the test 
average and, based on experience, good indicators of the fuel’s real potential. 
 
 Figure A-4 illustrates how manual adjustment of the bridged material was conducted and 
what the bed looked like during a bridging situation. On the left side of the image, an operator 
uses a long steel rod to try to break the bridge. On the right, the result of that effort can be seen. 
The three large orange spots are holes poked through the bridged material. The amount of effort 
required to break through the bridged material was significant, and once broken, the bridge did 
not collapse as is common but continued to support the remaining material and restrict fuel flow 
through the reactor. 
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Figure A-4. Bed manipulation and bridge formed across reactor. 
 
 

Sample Analysis 
  
 At the EERC, the standard practice for evaluating a new fuel includes some basic analysis. 
Upon receiving the fuel, a proximate and ultimate analysis was conducted. These tests reveal the 
basic properties of the fuel. Table A-1 contains the results of this analysis and a comparison with 
literature.  
 
 
Table A-1. Proximate and Ultimate Data Comparison (on a dry basis) (Scurlock, 1999; 
Miles, 1995) 

Moisture N/A N/A N/A N/A N/A N/A N/A N/A N/A
Volatile 
Matter

69.94 84.40 80.34 80.56 76.18 81.80 76.10 82.23 83.98

Fixed 
Carbon

18.22 12.55 16.30 15.34 16.08 14.80 19.80 16.64 15.83

Ash 11.84 3.05 3.36 4.10 7.74 3.40 4.10 1.13 0.19
Hydrogen 6.18 5.33 5.75 5.26 5.88 5.90 6.10 6.16 6.02

Carbon 39.92 41.94 47.66 48.25 46.73 49.40 45.80 48.84 47.89
Nitrogen 2.42 0.28 0.45 0.25 0.54 0.40 1.00 0.29 0.26

Sulfur 0.09 0.04 0.05 0.06 0.13 0.30 0.10 0.15 0.16
Oxygen 39.55 37.40 42.73 42.08 38.99 40.60 42.90 43.43 45.48

Ash 11.84 3.05 3.36 4.10 7.74 3.40 4.10 1.13 0.19
Btu 7,365 8,050 8,150 7,950 7,750 8,150 7,103 8,263 7,904

Source EERC trmiles trmiles U of Iowa N.S. Harding N.S. Harding N.S. 
Harding

EERC EERC

Soft 
Wood

Ultimate 
Analysis

Miscanthus
Miscanthus 
Silberfeder

Hard 
Wood

Fresh 
Switchgrass

Weathered 
Switchgrass

Proximate 
Analysis

Miscanthus 
Sinensis Switchgrass

Canary 
Grass

 
1 Not applicable. 
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 From Table A-1, it is apparent that most of the values in the analysis of the fuel fall within 
normal ranges. The only exception is the ash content, which was 11.84% on a dry basis. 
Compared to other published data provided in Table A-1, this is almost four times higher than 
that of similar fuels. There are several possible sources of this increased ash content. The most 
common is the type of harvesting technique used. The closer to the ground that biomass is 
collected, the greater the chance that dirt and dust are accidentally collected with the fuel. 
Because the fuel has an extremely low initial ash content, the collection of any inorganic material 
rapidly increases the final ash content of the fuel. This is only one possible source of the 
additional ash seen in analysis, and while a common source of the problem, it cannot be 
definitively identified as the only possible cause. Further analysis in the clinker section, shown in 
Table A-2, identifies processing contamination as an additional source of ash. 
 

Clinkers or Agglomerate Formation 
 
 At the completion of each test, a clinker was observed near the reduction zone of the 
reactor. These clinkers appeared to span the entire reactor in both cases. This observation further 
supports the observation of the material bridging and not flowing through the reactor. Figure A-5 
shows a porous clinker, while Figure A-6 shows clinkers that exhibit a glassy structure.  
 
 

 
 

Figure 5. Porous clinker from layer that spanned the gasifier. 
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Figure A-6. Glasslike clinkers found near reduction zone. 
 
 
 Compared with previous work conducted at the EERC, the level of clinker formation seen 
during testing of miscanthus was much greater than is typical for wood and most grassy biomass. 
To determine the cause of this, x-ray fluorescence analysis (XRFA) was conducted on both the 
fuel and clinkers. Table A-2 contains a summary of the results and a comparison with other 
published data.  
 
 

Table A-2. Oxide Chemistry of Fuel and Clinkers from Testing (Scurlock, 1999;  
Miles, 1995) 

 
         1 National Renewable Energy Laboratory. 
 
 

Oxide Gigantus 
Miscanthus

Glasslike 
Clinker

Pourous 
Clinker

Miscanthus 
Silberfeder

Miscanthus Sinensis 
Gracillimus

SiO2 65.70% 63.50% 62.10% 61.84% 56.07%
Al2O3 1.50% 2.80% 5.90% 0.98% 0.78%
Fe2O3 4.58% 9.11% 3.74% 1.35% 0.93%
TiO2 0.07% 0.29% 0.15% 0.05% 0.02%
P2O5 2.76% 2.73% 1.04% 4.20% 6.24%
CaO 6.40% 7.40% 16.20% 9.61% 13.62%
Mgo 5.79% 4.19% 3.39% 2.46% 1.07%
Na20 0.66% 0.81% 2.67% 0.33% 0.27%
K2O 10.82% 9.13% 4.29% 11.60% 18.70%
SO3 1.73% 0.00% 0.55% 2.63% 1.70%
Undetermined 4.95% 0.60%
Source EERC EERC EERC NREL1 NREL

Fuel Type

MgO 
Na2O 
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 Initial comparison of the samples indicates a significant amount of silica content in the 
clinkers. This is a common feature of grasses and is due to how large grasses grow. When 
plants/grasses grow, silica is taken up through the roots and incorporated into the stock where it 
is used to provide strength and rigidity. Because of how plants absorb this material, the silica 
contained within the plant exists in a form known as amorphous or noncrystalline silica. An 
amorphous or noncrystalline material is a solid in which there is no long-range order of the 
positions of atoms within the material. This lack of structure significantly decreases the silica’s 
strength and, more importantly, lowers its melting point (Mysen, 1988). 
 
 Silica is considered a network former in glass-forming melts (also known as 
agglomerates or clinkers). Network formers strengthen the glass structure and increase the 
melting temperature. The addition of alkali and alkaline-earth elements such as sodium, 
potassium, calcium, and magnesium, which are all considered network modifiers, reduces the 
melting temperature of the solution. Iron can be considered both a network modifier and a 
network former based on the oxide state. Ferric iron (Fe2O3) is a network former and ferrous iron 
(FeO) a network modifier. Under the reducing conditions of a gasifier (substoichiometric 
oxygen), iron will primarily assume a ferrous state and help to lower the melting temperature 
(Mysen, 1988). The addition of these elements will significantly reduce the melting temperature 
of the resultant ash material.  
 
 In the soda lime glass system of 70% SiO2, 21% Na2O, and 9% CaO, the working 
temperature is approximately 1200°F, where working temperature is defined as the point at 
which the glass becomes soft and sticky (Doremus, 1994). The additional ferrous iron, 
potassium, and phosphorus of the grass (Table A-1) will all substitute for the lesser amount of 
sodium and reduce the melting temperature further than in the soda lime glass system as a result 
of greater entropic values associated with multiple glass network modifiers in the melt. If the 
effects of the substoichiometric oxygen conditions on reduction of melting temperature are 
added, this will reduce the melting temperature even further (Folkedahl, 1997). This will account 
for the clinker formation in the ash through the formation of a low-melting-point ash material 
that will become sticky at low temperatures and act as a glue to bind all of the other ash 
constituents and residual char into large clumps or clinkers. 
 
 The lower melting point of the ash is a significant contributor to the poor operability seen 
with this fuel. Under normal operating conditions, the reactor operates at 1300° to 1400°F. This 
is high enough to melt the ash produced and initiate clinker formation. Once the system has 
reached this temperature and clinkers begin to form, experimentation shows that they rapidly 
grow to cover (bridge) the entire reactor. Once a bridge occurs, the gasifier quickly consumes the 
remaining fuel, leaving only char. When a gasifier runs out of highly volatile fresh fuel, oxygen 
levels begin to climb and combustion takes over as the primary reaction. Once combustion 
(exothermic) begins, temperatures rapidly climb within the reactor. During combustion, 
temperatures within the reactor can exceed 1800°F. At this temperature, additional char will 
melt, further adding to the mass already formed within the gasifier. 
 
 The final observation from the XRFA results is the significant amount of iron in the ash. 
Analysis showed iron to be present at between 3.7% and 9.1% compared to other published 
results which state the level at less than 1.4%. These elevated iron levels cannot be explained by 
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organic uptake (iron that is absorbed by the plant from the soil) as very few plants are capable of 
absorbing significant levels of iron. The most likely explanation for this elevated concentration is 
the equipment utilized in grinding the miscanthus. Communication with Loren Forrest of Rural 
Energy Marketing determined that the grinder utilized to prepare the fuel had not been operated 
for a significant period of time. This information and the literature comparison suggests that the 
iron level is due to corrosion within the grinder breaking off during fuel processing.  
 
 The increased iron content of the fuel potentially added to the clinker formation rate seen 
during experimentation. It is unlikely, however, that removal of this iron by cleaning the grinder 
prior to usage would have lowered the rate of clinker formation. The presence of silica, 
potassium, and other problematic elements would still result in a low-melting-point ash. 
 

Tar 
 
 A common issue in gasification is the production of tar. Tar is a by-product of gasification 
and is impacted by factors such as gasifier design, fuel size, and moisture content. The standard 
method for quantification of tars is the European Protocol (Verenum et al., 2005). Because this 
test is so time-consuming, the EERC has determined that, for screening purposes, it is possible to 
qualitatively determine tar production through the semiquantitative use of Draeger tubes. 
Draeger tubes are designed to look for specific compounds and can be purchased in a variety of 
scales. It has been determined that of the compounds contained in gasification tar, benzene and 
toluene account for significant portions of the tars and, as such, can be used as a strong indicator 
of overall tar production rate. Of these two compounds, toluene tubes have a fast draw rate and 
indicate more clearly than do benzene tubes. The Draeger tubes used during each test resulted in 
toluene levels between 1000 and 1400 ppm. Because toluene only constitutes a portion of the tar 
produced, the 1000–1400-ppm levels indicated mean that the total tar concentration is 
significantly greater (exact concentration unknown). This is much higher than the system is rated 
to produce by the manufacturer and, therefore, a strong indicator that this fuel will require 
special handling/treatment in order to reduce tar to an acceptable level. In previous work 
conducted on similar gasifiers, total tar levels typically range from 150 to 500 ppm, depending 
on fuel type. At these levels, the gas is clean enough for use in some processes such as electrical 
generation in reciprocating engines. Figure A-7 below shows one of the tubes utilized in the 
analysis of the tar concentration. 
 
 The production of tar does not hamper the gasification process but is actually a product of 
incomplete reaction. Because tar is a by-product of gasification, its impact is seen downstream of 
the gasifier in the following equipment, where it impacts operability and maintenance.  
 
 

 
 

Figure A-7. Toluene Draeger tube used to evaluate relative tar production rate. 
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 The high level of tar seen presents several problems. The first problem is the impact of tar 
on system components. During normal operation, tar slowly coats pipes and fittings. The tar 
remains soft and flowable while hot, but when the system is shut down or a cool spot is 
encountered, the tar hardens and dries. When this occurs, the tar turns into an enamel-like 
substance that clogs pipes, sticks valves, and impacts most system components in a similar 
fashion. Secondary to the maintenance issue created, tar comprises numerous compounds, many 
of which are carcinogenic. Because of this, additional handling procedures are necessary when 
performing maintenance work. 
 
 Posttest analysis qualitatively verified the Draeger tube results. After the initial test, 
maintenance revealed that tar had built up in many of the pipes and had seriously impeded the 
blower. Figure A-8 shows the blower housing after the first day of testing. As can be seen, there 
is significant tar buildup after only 4 to 5 hr of operation. Following shutdown, the fan was 
difficult to restart and required cleaning prior to further testing.  
 
 For the FBG-40 system, this only caused several hours of additional maintenance, but for a 
commercial application, tar production has the potential to create a larger economic impact. 
 
 

 
 

Figure A-8. Fan housing after running coarse-ground miscanthus. 
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CONCLUSIONS 
 
 It is the finding of this study that miscanthus has the potential to become a useful 
gasification fuel source but that there are technical issues which must be addressed prior to its 
practical application in an industrial setting: 
 

• Flowability 
• Clinker formation 
• Tar production 

 
 The most significant issue that needs to be addressed for this fuel is the formation of 
clinkers due to ash composition. For large-scale gasification of miscanthus, possible reactor 
alternatives include slagging furnaces, entrained-flow systems, or systems that incorporate 
clinker buster technology. 
 
 Secondary to clinker formation, tar production and flowability of the fuel both present 
separate and difficult issues. Tar has the potential to gum up ancillary equipment, while 
flowability can prevent stable and optimized performance. One possible solution to both issues is 
pelletization. Pelletizing the fuel has two influences. First, it significantly improves flowability. 
Second, it lowers the surface area of the material which slows down the devolatilization rate, 
allowing more time for the long-chain tar molecules to crack and break down into more desirable 
compounds which, in turn, significantly lowers tar production.  
 
 It is, therefore, the recommendation of this report that prior to any large-scale 
implementation, follow-up work be conducted in two areas. First, the economic feasibility of 
pelletizing miscanthus should be examined, and second, the testing of miscanthus in a system 
designed to handle low-melting-point ash should be conducted. 
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SUBTASK 1.1 – BIOMASS-DERIVED DISTRIBUTED GENERATION OF 
FERTILIZER 

 
 

INTRODUCTION AND BACKGROUND 
 
 Ammonia is manufactured on a large scale around the world, with approximately 133 million 
metric tons of ammonia produced in 2009 (U.S. Geological Survey, 2010). The primary feedstock 
for this production is natural gas, of which the main component is methane. The energy utilized to 
produce ammonia accounts for over 1.2% of all energy consumed in the world (International 
Fertilizer Industry Association, 2009). The range of energy consumption for production of 1 metric 
ton of ammonia is between 25 and 35 GJ (21.4 and 30.1 million Btu per short ton) (Wood and 
Cowie, 2004). This translates to between 1.25 and 1.75 lb of CO2 emission per lb of ammonia 
produced. It is the goal of the EERC to reduce the CO2 footprint of ammonia production via 
substituting renewable resources for fossil methane. 
 
 Ammonia consumption in the United States amounted to 15,540 thousand metric tons in 
2009. Of this, 9350 thousand metric tons was produced in the United States, and 6144 thousand 
metric tons was imported. About 89% of this ammonia is used as fertilizer in the form of anhydrous 
ammonia, urea, ammonium nitrates, ammonium phosphates, and other nitrogen compounds. Since 
foreign sources of natural gas are lower-priced, more foreign-produced ammonia has entered the 
United States over the past decade. As a result, the United States is becoming dependent upon 
foreign sources both for cultivation of our food and our fuel ethanol. 
 
 In addition to the needs stated above, ammonia is subject to cyclic price swings because of 
its cost of manufacture being closely tied to the cost of natural gas. This can result in a farmer 
paying $450 per ton in one growing season, and only a few growing seasons later, having to pay 
more than $1200 per ton. For the farmer, this is uncontrolled variable cost that makes running a 
business challenging. 
 
 This project was undertaken to reduce fossil CO2 emissions from the production of ammonia 
and to decouple ammonia production from the cyclic process swings associated with natural gas.  
 
 Resources available today by which this may be accomplished include anaerobic digestion 
of waste, landfill gas, and gasification of biomass. These resources are discussed in the following 
section. 
 
 
AVAILABLE FEEDSTOCKS/RESOURCES 
 
 Methane gas produced by recent microbial action on organic materials is termed either 
biogas, or landfill gas. The microbes that perform this function are all anaerobic organisms, that 
is, they do not utilize diatomic oxygen in their metabolic functions. Some anaerobes can tolerate 
the presence of oxygen, but many cannot tolerate oxygen. Exposure of these organisms to oxygen 
results in their death. Sources of biologically produced methane include anaerobic digesters and 
landfills. 
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Biogas 
 
 Biogas is produced in one of three types of reactors: 1) a plug-flow reactor, 2) a covered 
lagoon, or 3) a complete mix digester. Table 1.1-1 compares the key features of each type of 
digester. Feed materials that can be used in these designs include excrement (sewage sludge), 
industrial waste, agricultural waste, animal-processing waste, and certain municipal solid waste 
(MSW) components. 
 

Landfill Gas 
 
 Landfills can be considered to be a type of anaerobic digester, with very low water content. 
As of 2006, a total of 150 trillion Btu of landfill gas was captured and utilized in the United States 
in both commercial and industrial applications. Most was utilized for the generation of electric 
power, with the balance being used for heat and steam generation (U.S. Energy Information 
Administration, 2008). 
 

Syngas from Biomass Gasification 
 
 Finally, biomass may be gasified to produce a syngas that may be shifted to maximize 
hydrogen production. Three options exist for this route: 1) air-blown gasification, 2) oxygen-blown 
gasification, and 3) steam-reforming gasification. 
 
 For the first two options, nitrogen gas must be removed either from the oxygen present in 
the atmosphere or from the product hydrogen gas. No matter where the nitrogen removal occurs, 
it will involve the additional cost of equipment to perform this function. The third option will 
require less capital cost, but additional operational cost will be encountered as more biomass will 
be required to generate steam. 
 
 
GOALS AND OBJECTIVES 
 
 The goal of the project was to determine if small, distributed-scale ammonia production can 
be economically accomplished in a rural setting, with the agricultural producer responsible for a 
supply of ammonia. The project objectives set to achieve this goal were to: 
 
 

Table 1.1-1. Comparison of Anaerobic Digester Types 
 Plug-Flow Covered Lagoon Complete Mix 
Percent Solids (max.) 13% 3% 10% 
Hydraulic Retention Time1 15–45 days 30–45 days 10–20 days 
Solids Retention Time <30 days  <20 days 
Average Size thousands of 

gallons 
millions of gallons thousands of 

gallons 
1 Singh and Perna, 2009.  
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• Design and construct a laboratory-scale processing plant that can support parametric 
testing of simulated biogas and landfill gas to anhydrous ammonia. 

 
• Design and develop a computer control program for the processing plant that includes 

data logging of operation parameters (primarily temperature and pressure) and their time 
histories. 

 
• Develop design pathways that would support design of an optimized scale-up process 

design that can be economically viable and commercially deployable.  
 
 
EXPERIMENTAL 
 

Design Basis 
 

Traditional Ammonia Plant 
 
 A traditional ammonia plant utilizes natural gas as a methane source. Based upon the 
efficiency at which a particular plant is operated, a total of 21.4 to 30.1 million Btu is required to 
produce a (short) ton of ammonia (Wood and Cowie, 2004). Many existing plants in the North 
America are designed to produce in excess of 1000 tons/day. Newer plants being constructed near 
vast reserves of natural gas in the Middle East and Indonesia are in the 2000- to 3000-ton/day 
capacity range. Because of the sheer scale of these plants, numerous operating units are required 
in order to ensure smooth, continuous operations based on the characteristics of the natural gas. 
 
 Such plants comprise the following units: desulfurizer, primary reformer, secondary 
reformer, high-temperature shift, low-temperature shift, CO2 absorber, methanation, and ammonia 
synthesis. Each of these units serves an important purpose. The desulfurization unit removes traces 
of sulfur-containing compounds added to the natural gas as a leak detection mechanism. The sulfur 
must be removed in near-totality in order to prevent poisoning of the reforming catalysts. The 
primary reformer reacts methane and steam in the presence of a catalyst to convert the methane to 
a mixture of hydrogen, carbon monoxide, carbon dioxide, and a small amount of unreacted 
methane. The secondary reformer brings in air, which is the source of nitrogen for the synthesis of 
ammonia, and reacts it with methane, producing more carbon monoxide while consuming the vast 
majority of the oxygen. The high- and low-temperature shift units react carbon monoxide and 
water in the presence of a catalyst to maximize hydrogen production. This step also results in 
maximized carbon dioxide production. Only traces of carbon monoxide remain following this 
operation. The CO2 absorber removes the carbon dioxide produced through the preceding process 
operations. The most common mechanism is the use of an amine unit. While very effective, this 
operation is one of the most expensive steps in the process. Failure to operate the CO2 absorber 
effectively leads to CO2 traveling through the ammonia synthesis reactor (ASR) and combining 
with ammonia to form either ammonium carbamate or urea. Since both of these materials are 
solids, plugging of the outlet lines from the ASR is encountered. The methanation unit converts 
the traces of carbon monoxide to methane by reaction with hydrogen. Since all ammonia synthesis 
catalysts are poisoned by oxygen-bearing species, this step is critical to maintaining the ammonia 
synthesis catalysts over a long period of operation. Water is also a product of this operation, which 
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is removed by chilling the process stream. The final step is ammonia synthesis. Typically, a 
maximum conversion of 20% is observed. Therefore, a recycle loop for the unreacted hydrogen 
and nitrogen is employed to achieve maximum conversion of the two gases. The process block 
diagram in shown in Figure 1.1-1. The entire process described above is not too different than that 
developed by Fritz Haber and Carl Bosch in the early 1900s. The early process was 
commercialized by BASF in 1908 (Ullman’s Encyclopedia of Industrial Chemistry, 2003). 
 

Concept of a Distributed-Scale, Renewable Ammonia 
 
 A typical farm in southern North Dakota will work a minimum of 2000 acres of land a 
season. Major crops include summer wheat, corn, and soybeans. For the purposes of this program, 
these three crops were placed in a roughly equal rotation on 667 acres. The annual nitrogen 
fertilizer requirement as nitrogen for soybeans is 0 lb/acre, as this plant fixes nitrogen from the 
atmosphere. Wheat requires 100 lb/acre, while corn requires 200 lb/acre. The total amount of 
anhydrous ammonia required to support this idealized farm is shown in Table 1.1-2. 
 
 

 
 

Figure 1.1-1. Process block diagram for a traditional ammonia plant.  
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Table 1.1-2. Calculation of Annual Anhydrous Ammonia Needs for an Idealized  
Farm in North Dakota 

Crop 
Nitrogen Rate, 

lb/acre 
Ammonia 

Rate, lb/acre Acres Planted 
Total 

Ammonia, lb 
Soybeans 0 0 667 0 
Wheat 82.4 100 667 66700 
Corn 164.7 200 667 133400 
     
Total, lb    200,100 
Total, tons    100.05 

 
 

 A distributed-scale plant designed to support a 2000-acre idealized farm would, therefore, 
only need to produce 0.286 short tons of ammonia a day over 350 days of operation a year. This 
translates to 23.82 lb/hr. Clearly, a distributed-scale ammonia production plant is quite a different 
concept than that which provides the ammonia presently produced in the world today.  
 
 Ideally, a group of four farmers would form a small cooperative to produce their own 
anhydrous ammonia. This would bring the required production capacity to 95.28 lb/hr, or  
1.14 tons/day. 
 

Development of a Laboratory-Scale Concept for Engineering 
 
 The difference in scale factor between a typical traditional-scale ammonia plant  
(1000 tons/day) and the distributed-scale concept described above is 877. When a process is scaled 
down by such a factor, it becomes entirely likely that certain process operations when scaled down 
will no longer be economical. Further, when scaling down by such a factor, it is possible that newer 
technology, which may not economical at the large scale, may be ideally suited for a distributed-
scale scenario.  
 

Design of Unit – Concept 
 
 With the ideas discussed above in mind, the block diagram for a traditional ammonia plant 
was examined to see if it would be possible to employ existing modern technology to the design 
of an abbreviated ammonia plant. It was desired that existing commercial catalysts be used so as 
to avoid the time-consuming process of developing patentable catalysts, at least in the initial stages 
of this program.  
 
 A new block diagram was developed wherein the secondary reformer was removed. On the 
small scale that was proposed, a nitrogen pressure swing absorption (PSA) unit could be employed 
to separate nitrogen from the atmosphere. Also, a hydrogen purification system, either PSA or a 
membrane, could be utilized. These two substitutions allow for the deletion of the CO2 absorber 
unit and the methanation unit. Both the CO2 absorber and the methanator are associated with high 
operating expense (OPEX). Therefore, the preliminary block flow diagram addresses some major 
cost concerns, at least at an OPEX level. The proposed block flow diagram is shown in  
Figure 1.1-2. 



1.1-6 

 
 

Figure 1.1-2. Proposed block diagram for the bench-scale ammonia plant. 
 
 
 The preliminary block flow diagram was used as a basis to scale the operating units. An 
entire bench-scale ammonia production unit was designed, constructed, and operated based on this 
block flow diagram. 
 

Operating Units 
 
 The bench-scale unit was designed with the following points in mind: 
 

• Ammonia is a toxic gas, with a National Institute for Occupational Safety and Health 
(NIOSH) immediately dangerous to life and health (IDLH) value of 300 ppm and an 
Occupational Safety & Health Administration (OSHA) time-weighted average (TWA) 
permissible exposure level (PEL) of 50 ppm. 

 
• The unit would also be producing and processing carbon monoxide, also a toxic gas. The 

NIOSH IDLH value for carbon monoxide is 1200 ppm, and the OSHA TWA PEL is  
50 ppm. 

 
• The unit would be producing and processing hydrogen, a flammable gas. Hydrogen is 

provided a flammability hazard rating of 4 by the National Fire Protection Association 
(NFPA). However, it may also function as an asphyxiant.  
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• The unit will be operated in a laboratory setting; therefore, potential leaks and upsets may 
contaminate breathable atmosphere in the laboratory. 

 
• A large negative event may contaminant neighboring laboratories and hallways. 

 
 Therefore, the unit was designed at as large a scale as possible, yet not capable of 
overwhelming the laboratory’s existing heating, ventilating, and air-conditioning (HVAC) system. 
Potential leak rates were calculated and compared to the laboratory air exchange rate. All unit 
operations were examined. A final ammonia production rate of 28 g/hr was determined to be 
practicable from both a safety and operational standpoint. 
 
 Actual process units that were constructed, purchased, and/or operated included the  
1) biogas desulfurization unit; 2) steam generation unit; 3) steam methane reformer (SMR) unit; 
4) high-temperature shift (HTS) unit; 5) low-temperature shift (LTS) unit; 6) hydrogen purification 
unit; 7) nitrogen PSA; 8) control software; 9) and ammonia synthesis loop (ASL), including an 
ASR, ammonia capture vessel, and an unreacted gas recycle loop. 
 
 The design parameters for each of these unit operations are described Appendix A. 
 
 
RESULTS AND DISCUSSION 
 

Steam Generator 
 
 Approximately 10 working days were spent in commissioning the steam generator. The 
work centered around warming the reactor to an internal temperature of 270°F and higher, 
pumping water to the reactor at a flow rate of 4 mL/min, and measuring the condensed water output 
following condensation of the steam. Additionally, steam output was monitored visually over time.  
 

SMR (SMR-402; see Appendix A for process design details)  
 
 The SMR was operated on a custom-blended gas purchased from Airgas. A targeted 
composition was calculated for the product of reforming of the biogas. The composition of the 
simulated biogas and the desired reformed gas are shown in Table 1.1-3. As will be discussed, the 
targeted composition was exceeded as a result of the experimental efforts. 
 
 Gas flow through SMR-402 was controlled by means of the gas regulator on the gas cylinder 
and a mass flow controller (MFC-402) installed downstream of the biogas desulfurization unit 
(ST-404). Additionally, a fine-control needle valve (V-402M) was installed downstream of MFC-
402 in order to provide the precise gas flow rate control required. The cylinder regulator, MFC-
402, and V-402M were set at control points that provided a volumetric gas flow very near the 
design rate of the reactor (823 mL/min). Gas flow rates were measured with a Gilabrator®. The 
gas flow data are shown in Tables 1.1-4 and 1.1-5.  
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Table 1.1-3. Comparison of Scrubbed Biogas and Reformed Gas Calculated  
Composition, mol% 
 CH4 CO2 H2 CO 
Scrubbed Biogas 55.6 44.4 0 0 
Reformed Gas (calculated goal) 5.0 23.7 59.0 12.0 

 
 

Table 1.1-4. Measured Gas Flow Rates for Biogas Without V-402M 

Pressure, psig 
MFC-402, 
% setting 

MFC-402, 
% reading 

Rotameter, 
scale value 

Flow, mL/min, 
average 

45 2.0 2.0 5 1275 
30 2.0 1.9 NA 1278 
20 2.0 1.9 NA 1256 
10 2.0 1.9 NA 1251 
1 Not applicable. 

 
 

Table 1.1-5. Measured Gas Flow Rates for Biogas with V-402M 

Pressure, psig 
MFC-402, 
% setting 

Vernier Setting, 
scale value 

Flow, 
mL/min, average 

10 2.0 2.0 318 
10 2.0 1.10 974 
30 2.0 0.15 880 
30 2.0 0.13 733 
30 2.0 0.14 776 
30 2.0 0.145 815 

 
 
 From the results shown above, the control set points of 30 psig on the cylinder regulator,  
2.0 on MFC-402, and 0.145 on the Vernier control valve most closely matched the calculated 
desired setting of 823 mL/min. Experiments in reforming simulated biogas were conducted at these 
settings. 
 
 Experiments were initiated with SMR-402 to determine the carbon-to-water ratio that would 
provide the desired conversion of simulated scrubbed biogas to hydrogen. The first series of 
experiments were performed with SMR-402 outfitted as previously described. Results of this effort 
are detailed in Table 1.1-6. 
 
 The results in Table 1.1-7 show that there was incomplete conversion of methane to 
hydrogen. However, the results also showed that the amount of carbon monoxide formed was 
much less than expected (see Table 1.1-4). This was viewed with some surprise and also as an 
opportunity. It was proposed that perhaps because of an equilibrium-driven process, that the 
presence of carbon dioxide was limiting the final concentration of carbon monoxide. If this were 
so, then it was considered a strong possibility that if a greater volume of catalyst were used, more 
complete consumption of methane could be achieved, without a large amount of carbon monoxide  
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Table 1.1-6. Conversion of Simulated Biogas to Hydrogen in SMR-402 
Reactor Temperature Pressure, 

psia 
Water, 
mL/min 

Outlet Flow, 
mL/min 

Gas Comp., 
mol% Inlet, °F Outlet, °F 

455.7 1363.1 45.2 5.0 1765 H2 = 52.98 
CO2 = 31.70 

O2 = 0.01 
N2 = 0.07 

CH4 = 13.26 
CO = 1.98 

368.9 1371.6 43.8 4.5 1897 H2 = 52.35 
CO2 = 30.44 

O2 = 0.73 
N2 = 2.47 

CH4 = 11.69 
CO = 2.32 

359.1 1359.9 45.4 4.0 1868 H2 = 55.93 
CO2 = 30.56 

O2 = 0.07 
N2 = 0.35 

CH4 = 10.23 
CO = 2.86 

350.2 1362.6 47.2 3.5 1758 H2 = 57.79 
CO2 = 30.05 

O2 = 0 
N2 = 0.03 

CH4 = 8.90 
CO = 3.22 

 
 
being simultaneously produced. To test this idea, SMR-402 was cooled and loaded with a larger 
volume of catalyst. The tube was loaded with 83.0 g of Katalco® 57-4MQ, leaving a 0.75-in. space 
above the bed and a 0.50-in. space at the bottom of the tube for Pro-Pak®. Results of experiments 
that were conducted are shown in Table 1.1-8. 
 
 The conversion of methane to hydrogen appeared to be very efficient based upon the product 
gas flow rate and composition. Therefore, it was determined that operation of either the HTS (HT-
302) or LTS (LT-303) units was not required. The reformed biogas would be sent directly to the 
hydrogen membrane (HM-200) for production of ammonia from simulated biogas. 
 
 The high conversion levels ultimately achieved were somewhat surprising. A modeling 
effort was undertaken in order to determine if the outcome could be understood at a fundamental 
level. This modeling effort was performed by two means. The first was a simple thermodynamic 
modeling. The second was a ChemCad®-driven computer simulation. 
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Table 1.1-7. Conversion of Simulated Biogas to Hydrogen in SMR with Maximum Catalyst 
Reactor Temperature Pressure, 

psia 
Water, 
mL/min 

MFC-402, 
setting 

Outlet Flow, 
mL/min 

Gas Comp., 
mol% Inlet, °F Outlet, °F 

187.9 1266.2 46.1 5.0 2.3 NA H2 = 64.20 
CO2 = 26.24 

O2 = 0 
N2 = 0.10 

CH4 = 2.97 
CO = 6.48 

209.5 1279.1 41.7 5.0 2.3 4255 H2 = 63.65 
CO2 = 26.31 

O2 = 0 
N2 = 0.2 

CH4 = 3.47 
CO = 6.54 

217.6 1284.0 44.2 4.0 1.6 3358 H2 = 64.30 
CO2 = 25.93 

O2 = 0.04 
N2 = 0.26 

CH4 = 2.52 
CO = 6.95 

222.5 1295.6 45.8 4.0 1.3 2728 H2 = 64.63 
CO2 = 26.29 

O2 = 0.25 
N2 = 0.73 

CH4 = 2.19 
CO = 5.91 

226.8 1295.3 44.2 4.0 1.1 2263 H2 = 65.06 
CO2 = 26.94 

O2 = 0.17 
N2 = 0.68 

CH4 = 2.05 
CO = 5.09 

 
 
 The first effort involved determining equilibrium constants at various temperatures using 
HSC Chemistry® v6.12 (Outotec Research, 2015). The temperature range utilized was 500° to 
800°C. An equilibrium equation was written as: 
 
 𝐾𝐾𝑒𝑒𝑒𝑒 = [𝐶𝐶𝐶𝐶2][𝐻𝐻2]4

[𝐶𝐶𝐻𝐻4][𝐻𝐻2𝐶𝐶]2
  [Eq. 1] 

 
For the reaction equation: 
 
 CH4 + 2H2O  CO2 + 4H2 [Eq. 2] 
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Table 1.1-8. Conversion of Simulated Biogas to Hydrogen in SMR-402 with Maximum 
Catalyst 
Reactor Temperature Pressure 

(psia) 
Water 

(mL/min) 
MFC-402 
(setting) 

Outlet Flow 
(mL/min) 

Gas Comp. 
(mole percent) Inlet (°F) Outlet (°F) 

187.9 1266.2 46.1 5.0 2.3 NA H2 = 64.20 
CO2 = 26.24 

O2 = 0 
N2 = 0.10 

CH4 = 2.97 
CO = 6.48 

209.5 1279.1 41.7 5.0 2.3 4255 H2 = 63.65 
CO2 = 26.31 

O2 = 0 
N2 = 0.2 

CH4 = 3.47 
CO =6.54 

217.6 1284.0 44.2 4.0 1.6 3358 H2 = 64.30 
CO2 = 25.93 

O2 = 0.04 
N2 = 0.26 

CH4 = 2.52 
CO =6.95 

222.5 1295.6 45.8 4.0 1.3 2728 H2 = 64.63 
CO2 = 26.29 

O2 = 0.25 
N2 = 0.73 

CH4 = 2.19 
CO =5.91 

226.8 1295.3 44.2 4.0 1.1 2263 H2 = 65.06 
CO2 = 26.94 

O2 = 0.17 
N2 = 0.68 

CH4 = 2.05 
CO =5.09 

 
 
Making the following mathematical substitutions into the equilibrium equation 
 
 [CH4] = 0.02023 – x [Eq. 3] 
 
 [CO2] = 0.01615 + x [Eq. 4] 
 
 [H2] = 4x [Eq. 5] 
 
 [H2O] = 0.2222-2x [Eq. 6] 
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Where x = amount of methane converted provided: 
 
 𝐾𝐾𝑒𝑒𝑒𝑒 = (0.01615+𝑥𝑥)(4𝑥𝑥)4

(0.02023−𝑥𝑥)(0.222−2𝑥𝑥)2
 [Eq. 7] 

 
Which provided the quintic equation: 
 

256𝑥𝑥5 + 4.1344𝑥𝑥4 + 4𝑥𝑥3�𝐾𝐾𝑒𝑒𝑒𝑒� + 0.80708𝑥𝑥2�𝐾𝐾𝑒𝑒𝑒𝑒� + 
0.067248𝑥𝑥�𝐾𝐾𝑒𝑒𝑒𝑒� − 0.000997(𝐾𝐾𝑒𝑒𝑒𝑒 ) = 0 [Eq. 8] 

 
 Solving the equation for the numerous Keq values was accomplished using WolframAlpha® 
after reducing the various cofactors to their simple numerical values. Table 1.1-9 shows the Keq 
values utilized and the cofactors determined. These values, when utilized within WolframAlpha 
(2015), provided the results shown in Table 1.1-10. 
 
 Graphically, the data reduce to those shown in Figure 1.1-3, after the values in Table 1.1-9 
are converted to mol% values. 
 
 

Table 1.1-9. Results of First Thermodynamic Model 
Temperature, 
°C Keq X CH4 H2 CO2 H2O 
0 3.25 × 10-23 2.98 × 10-07 2.02 × 10-02 1.19 × 10-06 0.01607 2.22 × 10-01 
50 2.43 × 10-18 4.92 × 10-06 2.02 × 10-02 1.97 × 10-05 0.016075 2.22 × 10-01 
100 1.01 × 10-14 3.95 × 10-05 2.02 × 10-02 1.58 × 10-04 0.01611 2.22 × 10-01 
150 6.48 × 10-12 1.98 × 10-04 2.00 × 10-02 7.90 × 10-04 0.016268 2.22 × 10-01 
200 1.13 × 10-09 7.07 × 10-04 1.95 × 10-02 2.83 × 10-03 0.016777 2.21 × 10-01 
250 7.78 × 10-08 1.96 × 10-03 1.83 × 10-02 7.82 × 10-03 0.018025 2.20 × 10-01 
300 2.67 × 10-06 4.38 × 10-03 1.59 × 10-02 1.75 × 10-02 0.020445 2.18 × 10-01 
350 5.36 × 10-05 8.15 × 10-03 1.21 × 10-02 3.26 × 10-02 0.024219 2.14 × 10-01 
400 7.07 × 10-04 1.28 × 10-02 7.39 × 10-03 5.14 × 10-02 0.028911 2.09 × 10-01 
450 6.68 × 10-03 0.017125 3.10 × 10-03 6.85 × 10-02 0.033195 2.05 × 10-01 
500 4.80 × 10-02 0.019427 8.04 × 10-04 7.77 × 10-02 0.035497 2.03 × 10-01 
550 2.76 × 10-01 0.020065 1.65 × 10-04 8.03 × 10-02 0.036135 2.02 × 10-01 
600 1.31 0.020226 3.60 × 10-06 8.09 × 10-02 0.036296 2.02 × 10-01 
650 5.30 0.020221 8.90 × 10-06 8.09 × 10-02 0.036291 2.02 × 10-01 
700 1.88 × 10 0.020228 2.50 × 10-06 8.09 × 10-02 0.036298 2.02 × 10-01 
750 5.90 × 10 0.020229 8.00 × 10-07 8.09 × 10-02 0.036299 2.02 × 10-01 
800 1.68 × 102 0.02023 3.00 × 10-07 8.09 × 10-02 0.0363 2.02 × 10-01 
850 4.36 × 102 0.02023 1.00 × 10-07 8.09 × 10-02 0.0363 2.02 × 10-01 
900 1.05 × 103 0.02023 0 8.09 × 10-02 0.0363 2.02 × 10-01 
950 2.35 × 103 0.02023 0 8.09 × 10-02 0.0363 2.02 × 10-01 
1000 4.96 × 103 0.02023 0 8.09 × 10-02 0.0363 2.02 × 10-01 
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Figure 1.1-3. Calculated mol% equilibrium values for reforming of methane in the presence of 
carbon dioxide. 

 
 
 The calculations show that the amount of hydrogen produced, and therefore the amount of 
methane converted, stays relatively constant over the temperature range 600° to 1000°C (1112° to 
1652°F). However, the calculations also show that only 71.2% of the methane should be converted. 
Experimentally, the percent conversion of methane was about 88%, and the production of 
hydrogen was about 85%. The difference in the two conversion values is due to not taking the 
carbon monoxide into account. 
 
 A second model was developed that would account for carbon monoxide and, hopefully, all 
the hydrogen produced. The chemical equation used was  
 
 2CH4 + 3H2O -> CO + CO2 + 7H2 [Eq. 9] 
 
Providing the equilibrium expression: 
 
 𝐾𝐾𝑒𝑒𝑒𝑒 = [𝐶𝐶𝐶𝐶][𝐶𝐶𝐶𝐶2][𝐻𝐻2]7

[𝐶𝐶𝐻𝐻4]2[𝐻𝐻2𝐶𝐶]3
  [Eq. 10] 
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With the following mathematical substitutions into the equilibrium equation: 
 
 [CH4] = 0.02023 - 2x [Eq. 11] 
 
 [CO2] = x [Eq. 12] 
 
 [CO] = x [Eq. 13] 
 
 [H2] = 7x [Eq. 14] 
 
 [H2O] = 0.2222-1.5x [Eq. 15] 
 
Where x = amount of methane converted. 
 
 Solving with WolframAlpha provided the results in Table 1.1-10 and Figure 1.1-4, which 
represent reforming of methane with no initial carbon dioxide concentration present.  
 
 

Table 1.1-10. Results of Second Thermodynamic Model 
Temperature, °C Keq X CH4 H2 CO2 CO 
0 2.25 × 10-51 1.32 × 10-07 2.02 × 10-02 9.25 × 10-07 1.32 × 10-07 1.32 × 10-07 
50 2.07 × 10-40 2.18 × 10-06 2.02 × 10-02 1.53 × 10-05 2.18 × 10-06 2.18 × 10-06 
100 2.78 × 10-32 1.75 × 10-05 2.02 × 10-02 1.22 × 10-04 1.75 × 10-05 1.75 × 10-05 
150 5.33 × 10-26 8.70 × 10-05 2.01 × 10-02 6.09 × 10-04 8.70 × 10-05 8.70 × 10-05 
200 5.46 × 10-21 3.12 × 10-04 1.96 × 10-02 2.18 × 10-03 3.12 × 10-04 3.12 × 10-04 
250 6.80 × 10-17 8.76 × 10-04 1.85 × 10-02 6.13 × 10-03 8.76 × 10-04 8.76 × 10-04 
300 1.76 × 10-13 2.03 × 10-03 1.62 × 10-02 1.42 × 10-02 2.03 × 10-03 2.03 × 10-03 
350 1.37 × 10-10 3.98 × 10-03 1.23 × 10-02 2.79 × 10-02 3.98 × 10-03 3.98 × 10-03 
400 4.15 × 10-08 6.60 × 10-03 7.03 × 10-03 4.62 × 10-02 6.60 × 10-03 6.60 × 10-03 
450 5.93 × 10-06 8.94 × 10-03 2.36 × 10-03 6.26 × 10-02 8.94 × 10-03 8.94 × 10-03 
500 4.58 × 10-04 9.90 × 10-03 4.29 × 10-04 6.93 × 10-02 9.90 × 10-03 9.90 × 10-03 
550 2.14 × 10-02 1.01 × 10-02 6.82 × 10-05 7.06 × 10-02 1.01 × 10-02 1.01 × 10-02 
600 6.55 × 10-01 1.01 × 10-02 1.24 × 10-05 7.08 × 10-02 1.01 × 10-02 1.01 × 10-02 
650 1.41 × 10 1.01 × 10-02 2.80 × 10-06 7.08 × 10-02 1.01 × 10-02 1.01 × 10-02 
700 2.23 × 10+02 1.01 × 10-02 6.00 × 10-07 7.08 × 10-02 1.01 × 10-02 1.01 × 10-02 
750 2.72 × 10+03 1.01 × 10-02 2.00 × 10-07 7.08 × 10-02 1.01 × 10-02 1.01 × 10-02 
800 2.65 × 10+04 1.01 × 10-02 0 7.08 × 10-02 1.01 × 10-02 1.01 × 10-02 
850 2.12 × 10+05 1.01 × 10-02 0 7.08 × 10-02 1.01 × 10-02 1.01 × 10-02 
900 1.43 × 10+06 1.01 × 10-02 0 7.08 × 10-02 1.01 × 10-02 1.01 × 10-02 
950 8.26 × 10+06 1.01 × 10-02 0 7.08 × 10-02 1.01 × 10-02 1.01 × 10-02 
1000 4.17 × 10+07 1.01 × 10-02 0 7.08 × 10-02 1.01 × 10-02 1.01 × 10-02 
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Figure 1.1-4. Calculated mol% equilibrium values for reforming of methane with no initial 
carbon dioxide. 

 
 
 A final model was developed in order to determine the impact of excess water on reaction 
outcome. In this model, only half the water was used as that used experimentally. The equations 
for substitution in the equilibrium expression were: 
 
 CH4 = 0.02023 - 2x [Eq. 16] 
 
 CO2 = x [Eq. 17] 
 
 CO = x [Eq. 18] 
 
 H2 = 7x [Eq. 19] 
 
 H2O = 0.1111-1.5x [Eq. 20] 
 
Where x = amount of methane converted. 

 
The results obtained are shown in Table 1.1-11 and Figure 1.1-5. 
 
 Clearly, the results between the second and the third model are similar. Therefore, the 
observed experimental results cannot be attributed to use of excess water. Further, the observed 
results cannot be attributed to a hot spot within the reactor that would drive the reforming reaction 
to a new equilibrium result; the calculations show that the reforming reaction provides maximal 
hydrogen production above 600°C. This leaves only the water–gas shift (WGS) reaction as the 
sole means to increase hydrogen production to the levels observed.  
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Table 1.1-11. Results for Second Thermodynamic Model with Half the Water Input 
Temperature, °C Keq X CH4 H2 CO2 CO 
0 2.25 × 10-51 1.05 × 10-07 2.02 × 10-02 7.34 × 10-07 1.05 × 10-07 1.05 × 10-07 
50 2.07 × 10-40 1.73 × 10-06 2.02 × 10-02 1.21 × 10-05 1.73 × 10-06 1.73 × 10-06 
100 2.78 × 10-32 1.39 × 10-05 2.02 × 10-02 9.70 × 10-05 1.39 × 10-05 1.39 × 10-05 
150 5.33 × 10-26 6.91 × 10-05 2.01 × 10-02 4.83 × 10-04 6.91 × 10-05 6.91 × 10-05 
200 5.46 × 10-21 2.48 × 10-04 1.97 × 10-02 1.73 × 10-03 2.48 × 10-04 2.48 × 10-04 
250 6.80 × 10-17 6.97 × 10-04 1.88 × 10-02 4.88 × 10-03 6.97 × 10-04 6.97 × 10-04 
300 1.76 × 10-13 1.63 × 10-03 1.70 × 10-02 1.14 × 10-02 1.63 × 10-03 1.63 × 10-03 
350 1.37 × 10-10 3.23 × 10-03 1.38 × 10-02 2.26 × 10-02 3.23 × 10-03 3.23 × 10-03 
400 4.15 × 10-08 5.51 × 10-03 9.22 × 10-03 3.85 × 10-02 5.51 × 10-03 5.51 × 10-03 
450 5.93 × 10-06 7.97 × 10-03 4.30 × 10-03 5.58 × 10-02 7.97 × 10-03 7.97 × 10-03 
500 4.58 × 10-04 9.54 × 10-03 1.14 × 10-03 6.68 × 10-02 9.54 × 10-03 9.54 × 10-03 
550 2.14 × 10-02 1.00 × 10-02 2.09 × 10-04 7.01 × 10-02 1.00 × 10-02 1.00 × 10-02 
600 6.55 × 10-01 1.01 × 10-02 3.94 × 10-05 7.07 × 10-02 1.01 × 10-02 1.01 × 10-02 
650 1.41 × 10+01 1.01 × 10-02 8.60 × 10-06 7.08 × 10-02 1.01 × 10-02 1.01 × 10-02 
700 2.23 × 10+02 1.01 × 10-02 2.20 × 10-06 7.08 × 10-02 1.01 × 10-02 1.01 × 10-02 
750 2.72 × 10+03 1.01 × 10-02 6.00 × 10-07 7.08 × 10-02 1.01 × 10-02 1.01 × 10-02 
800 2.65 × 10+04 1.01 × 10-02 2.00 × 10-07 7.08 × 10-02 1.01 × 10-02 1.01 × 10-02 
850 2.12 × 10+05 1.01 × 10-02 0 7.08 × 10-02 1.01 × 10-02 1.01 × 10-02 
900 1.43 × 10+06 1.01 × 10-02 0 7.08 × 10-02 1.01 × 10-02 1.01 × 10-02 
950 8.26 × 10+06 1.01 × 10-02 0 7.08 × 10-02 1.01 × 10-02 1.01 × 10-02 
1000 4.17 × 10+07 1.01 × 10-02 0 7.08 × 10-02 1.01 × 10-02 1.01 × 10-02 

 
 

 
 
Figure 1.1-5. Calculated mol% equilibrium values for reforming of methane with half the initial 

water input. 
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HTS (HT-302) 
 
 The HTS unit was operated in one mode, with simulated reformed gas, which was purchased 
from Airgas. A goal composition for the shifted gas was calculated, shown in Table 1.1-12. As 
will be shown in the following section, the calculated goal state was exceeded in experimental 
trials. 
 
 The experimental work was begun by calibrating the flow systems with a Gilibrator. The 
desired flow rate to be achieved was 2921 standard mL/min. The results of the flow calibration 
study are shown in Table 1.1-13. 
 
 The data collected showed that the best results were obtained when the reactor exit 
temperature was the highest. Two samples were checked by collecting gas bag samples and 
submitting for gas chromatography (GC) analysis. The results of both bag samples showed that 
the hydrogen composition was very close to the desired goal state for the LTS operation, as shown 
in Table 1.1-14. Based upon this outcome, the decision was made to not operate LTS-303, and 
provide the product gas of HTS-302 to the hydrogen membrane unit. 
 
 

Table 1.1-12. Comparison of Reformed Biogas and Shifted Biogas Calculated  
Composition  
mol% CH4 CO2 H2 CO H2S 
Simulated Biogas (purchased) 55.6 43.9 0 0 0.5 
Reformed Biogas (purchased) 4.19 21.88 49.05 11.18 0 
HT Shifted Gas (goal) ~4.6 ~30 ~62.6 ~2.8 0 
LT Shifted Gas (goal) ~4.5 ~32 ~63.5 ~0.2 0 

 
 

Table 1.1-13. Measured Gas Flow Rates for Shifted Gas 

Pressure, psig 
MFC-402, 
% setting 

MFC-402,  
% reading 

Rotameter,  
scale value 

Flow, mL/min, 
average 

150 2.0 2.2 7 1841 
150 2.5 2.5 11 2240 
150 3.0 3.05 14 2645 
150 2.6 2.6 11 2302 
200 2.0 2.1 8 1844 
200 2.5 2.55 11 2244 
200 2.6 2.6 11 2308 
200 3.0 3.1 14 2652 
250 2.0 2.0 8.75 1851 
250 2.5 2.6 11.5 2249 
250 2.6 2.6 11 2311 
250 3.0 3.0 14 2658 
273 (max.) 2.0 2.1 8.5 1860 
273 (max.) 2.5 2.6 11.5 2257 
273 (max.) 2.6 2.6 11.5 2327 
273 (max.) 3.0 3.0 14.5 2668 
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Table 1.1-14. Check of Shifted Gas Composition by GC 
Pressure, 
psig 

Water, 
mL/min 

HTS-302 
Set Point 

Reactor Temperature Gas Comp., 
mol% Inlet, °F Outlet, °F 

45 3.0 320 382.4 612.2 H2 = 62.13 
CO2 = 28.07 

O2 = 0.61 
N2 = 2.22 

CH4 = 4.45 
CO = 2.52 

45 3.0 335 445.5 609.9 H2 = 63.58 
CO2 = 29.16 

O2 = 0.18 
N2 = 0.65 

CH4 = 4.48 
CO = 1.95 

 
 

LTS (LTS-303) 
 
 The LTS unit was not operated (see previous section). 
 

Hydrogen Membrane (HM-200) 
 
 The hydrogen membrane was assembled in accordance with manufacturer instructions. A 
three-point thermocouple was insert in the gas entrance, paralleling the membrane tubes. The 
temperature of the membrane tubes could be monitored at the top, middle, and bottom of the tube. 
Thermocouples were likewise installed in the waste and product gas outlets. The heating coil and 
thermocouple were wrapped about the outer shell of the membrane. The whole device was then 
coated in insulation. The heating oil was controlled via a Watlow EZ-ZONE® PM (panel mount) 
PID (proportional-integral-derivative) controller.  
 
 The membrane was plumbed into hydrogen and nitrogen supply lines, with tees and valves 
arranged so that both sides of the membrane could be flooded with either gas via cylinder supply 
lines. The outlets were plumbed to valves whereby the waste gas line was directed to the hood, 
and the product gas line could be directed to either the hood or the ammonia process. The pressure 
of both outlet lines was controlled by back-pressure regulators. In addition, both waste lines were 
connected to rotameters, so that flow could be detected and measured.  
 
 Operation of the membrane entailed heating the membrane to a minimal operation 
temperature under nitrogen, then switching to hydrogen-bearing gas once a minimal operating 
temperature was achieved. The minimal operating temperature of the membrane (392°F) was set 
by the manufacturer to avoid hydrogen embrittlement of the metal coating on the membrane tubes. 
 
 Commissioning of the membrane was initially frustrating. An early lack of positive results 
caused doubt about the utility of the membrane. The research team postulated that the membrane 
was faulty. To test this theory, the membrane was switched to supply by ultrahigh-purity H2 (UHP-
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H2) and subjected to a gradual increase in operating temperature until flow was noted. Results of 
this investigation are shown in Table 1.1-15. Selected data from Table 1.1-15 are graphed in  
Figure 1.1-6. 
 
 The data collected show that the membrane works best at higher temperatures. This is 
because of the mechanism by which the membrane functions. That is, the hydrogen–hydrogen 
bond must be cleaved, allowing discreet hydrogen ions and electrons to migrate through the 
membrane. Recombination of hydrogen ions, and electrons on the opposite side of the membrane 
results in production of molecular hydrogen (Fontaine et al., 2009a, b and Zhao et al., 2010). This 
whole process is driven by diffusion, assisted by a high partial pressure of hydrogen on the inlet 
side of the membrane (R200W) and a low hydrogen total pressure on the product side of the 
membrane (R200H2). 
 
 Experiments were then conducted with simulated shifted gas. The findings were that a total 
of 1 lpm of high-purity hydrogen could be produced with the membrane. The results of an initial 
screening study are shown in Table 1.1-15. 
 
 
Table 1.1-15. Performance of the Hydrogen Membrane with H2 Gas 
HM-200, 
Set Point, 
°F 

T-200, 
°F 

T-201, 
°F 

R200W, 
psig 

R200H2, 
psig 

Product 
Flow, 

mL/min 

Waste 
Flow, 

mL/min 

Total 
Flow, 

mL/min 
400 470 474 100 0 23 2612 2635 
400 469 481 150 0 29 2577 2606 
400 462 482 200 0 33 2576 2609 
400 469 482 250 0 37 2572 2608 
450 532 538 250 0 49 2567 2616 
500 594 592 250 0 61 2547 2608 
500 594 594 270 0 62 2557 2619 
500 597 594 270 0 57 2632 2689 
548 654 641 270 0 78 2541 2619 
548 654 640 270 0 75 2565 2640 
600 717 696 100 0 68 2567 2634 
600 717 740 140 0 851 1698 2549 
625 750 722 100 0 109 2543 2652 
650 780 759 100 0 258 2368 2626 
650 780 792 140 0 1099 1489 2588 
675 810 800 100 0 566 2039 2605 
675 810 812 120 0 841 1797 2638 
675 810 818 140 0 1083 1546 2629 
675 809 832 140 0 1732 889 2621 
700 842 848 140 0 1449 1147 2596 
750 905 901 140 0 1915 655 2570 
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Figure 1.1-6. H2 flow through membrane as a function of temperature. 
 
 
 The graph of the flow rates from Table 1.1-15 is different than that of the graph for pure 
hydrogen. This is due to the partial pressure of the hydrogen on the inlet side of the membrane 
being ~89 psi out of a total of 140 psi. The recovery data from Table 1.1-15 were graphed against 
temperature. Purity data are included. 
 
 With a good understanding of the operation and performance of HM-200 in hand, the 
operation of the unit was ceased. Preparations were made to conduct three campaign operations:  
1) simulated biogas as a feedstock, 2) simulated reformed gas as a feedstock, and 3) simulated 
shifted gas as a feedstock. It should be noted that either the simulated reformed or shifted gas 
feedstock can be considered to be a product of a gasifier, either directly or as a slightly processed 
gas. The proposed campaigns, therefore, provide insight into operation of the proposed ammonia 
production scenario via gasification of biomass. 
 

Control Software 
 
 Adjustments to the control software during operations were minor. The data-logging feature 
was adjusted to contain a few previously unlogged data points, and the trends screen y-axis 
boundaries were adjusted to accommodate the low temperature of the ammonia capture unit 
(−40°F). 
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Ammonia Synthesis Loop 
 
 Operation of the ammonia synthesis loop was initiated with reduction of the ammonia 
synthesis catalyst, Katalco 74-1A, which was supplied in an oxidized state. Reduction was 
achieved based upon proprietary instructions received from Johnson-Matthey. Essentially, the 
catalyst was subjected to a mixture of nitrogen and hydrogen gases at elevated pressure, but low 
enough to prevent ammonia production, as the temperature of the reactor was increased. The 
hydrogen concentration was low in order to avoid rapid reduction of the catalyst, which could 
result in thermal modification of the catalyst’s microstructure. The reduction procedure was 
carefully executed over a period of days. 
 
 Upon completion of the reduction operation, both the operating pressure and temperature of 
the catalyst bed could be increased to result in production of ammonia.  
 

Ammonia Reactor Control 
 
 Control of the ammonia reactor was achieved by controlling the amount of heat provided to 
the outer shell of the reactor, controlling the operating pressure within the reactor, and also 
controlling the feed rates of hydrogen, nitrogen, and recycle gas. 
 
 At steady state, the ammonia reactor would only require that the hydrogen and nitrogen 
converted to ammonia be replenished. Since the reactor was designed to produce 28 g/hr of 
ammonia at 20% conversion, a simple table was developed that allowed for the balancing of the 
makeup gases provided to the reactor. The calculated values are shown in Table 1.1-16. 
 
 During operation, if the makeup rate was greater than the NH3 formation rate, then pressure 
would increase in B-104. Oppositely, if the makeup rate was less than the NH3 formation rate, 
pressure would decrease in B-104. Finally, if the makeup rate matched the formation rate, then the 
NH3 formation rate could be read off of Table 1.1-16. 
 

Ammonia Separation Designs 
 
 A total of four ammonia separation designs were constructed and tested. The first two 
designs all suffered from the same flaw; they did not allow a sufficient volume of chiller fluid to 
flow through the device so that the interior would be chilled to −40°F. The first two designs are 
shown in Figures 1.1-17 and 1.1-18. 
 
 Key to all of the designs is the requirement that the captured ammonia be liquid at both high 
pressure and low temperature, that there be low ammonia escape (slip) from the containment 
vessel, and that the chiller fluid be at low pressure. In all designs, a heat exchanger section was 
supposed to condense the ammonia formed in the synthesis loop. The liquid was then to run into 
a collection pot and be stored at high pressure (>900 psi) and low temperature (−40°F). The heat 
exchanger portion of the design as well as the collection pot were well-insulated prior to operation. 
 
  



1.1-22 

Table 1.1-16. Makeup Gases and Recycle Gas Rates for 3:1 H2:N2 Ratio 

H2 Makeup N2 Makeup 
H2-N2 

Recycle 
NH3 Formation, 

g/hr 
Total Flow, 

g/hr 
Conversion, 

% 
4.94 23.06 1.87 28 140 20.00 
4.76 22.24 1.88 27 140 19.29 
4.59 21.41 1.90 26 140 18.57 
4.41 20.59 1.92 25 140 17.86 
4.24 19.76 1.93 24 140 17.14 
4.06 18.94 1.95 23 140 16.43 
3.88 18.12 1.97 22 140 15.71 
3.71 17.29 1.98 21 140 15.00 
3.53 16.47 2.00 20 140 14.29 
3.35 15.65 2.02 19 140 13.57 
3.18 14.82 2.03 18 140 12.86 
2.82 13.18 2.07 16 140 11.43 
2.65 12.35 2.08 15 140 10.71 
2.47 11.53 2.10 14 140 10.00 
2.29 10.71 2.12 13 140 9.29 
2.12 9.88 2.13 12 140 8.57 
1.94 9.06 2.15 11 140 7.86 
1.76 8.24 2.17 10 140 7.14 
1.59 7.41 2.18 9 140 6.43 
1.41 6.59 2.20 8 140 5.71 
1.24 5.76 2.22 7 140 5.00 
1.06 4.94 2.23 6 140 4.29 
0.88 4.12 2.25 5 140 3.57 
0.71 3.29 2.27 4 140 2.86 
0.53 2.47 2.28 3 140 2.14 
0.35 1.65 2.30 2 140 1.43 
0.18 0.82 2.32 1 140 0.71 

 
 
 It was realized from operation of the first design that the tube-and-shell heat exchanger over 
the ammonia collection pot was too constricted to allow sufficient chiller flow to condense 
ammonia.  
 
 The second design simply increased the interior volume of the heat exchanger portion by 
increasing the size of the tubing used. This attempted simple fix failed to provide sufficient chiller 
fluid to the heat exchanger or the collection pot to achieve any temperature close to −40°F. 
 
 The third design began from a clean sheet of paper. It was known from the first and second 
designs that insufficient chiller fluid was flowing through the heat exchanger sections of these two 
designs. The third design attempted to remedy this situation by allowing for a large volume of 
largely unrestricted flow around both the heat exchanger and the collection point. Further, multiple 
thermocouples were installed (including a four-point thermocouple submerged in the chiller fluid)  
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Figure 1.1-7. First ammonia separator design. 
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Figure 1.1-8. Second ammonia separator design. 
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in order to monitor the temperature in all possible problem areas. The third design can be seen in 
Figure 1.1-19. 
 
 Operation with this capture device resulted in operation temperatures between −40° and 
−38°F. However, no ammonia was detected to be captured by the device. A second look at the 
design revealed the source of the problem. Ammonia was to descend to the bottom of the collection 
chamber via a coiled tube. The coiled tube joined with a tee. One leg to the tee goes to a delta 
pressure (DP) gauge, while the other leg goes to a riser within the collection chamber. The riser 
was a small tube, the tip of which was directed against the inside of the collection chamber. This 
tube was meant to provide a cold surface for impingement of ammonia, guaranteeing collection of 
ammonia. However, the height of the riser prevented proper functioning of the DP gauge as 
intended. The DP gauge is an integral part of the level control service provided by the operating 
software. 
 
 

 
 

Figure 1.1-9. Third ammonia separator design.  
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 The final, and successful, design was achieved by simply removing the riser tube within the 
collection chamber (Figure 1.1-10). Operation of this design resulted in sufficient chilling of all 
ammonia capture components as well as collection of measureable ammonia levels in the 
collection chamber. A comparison of the third and final designs is depicted in Figure 1.1-11. 
 

Ammonia Production Campaigns 
 
 The entire ammonia production unit, as constructed, occupied about 25 ft of lab bench plus 
a neighboring 4-ft fume hood. The diagrams for construction, including updates from 
modifications introduced to aid operation, are shown in Figures 1.1-12 and 1.1-13. 
 
 
 

 
 

Figure 1.1-10. Final ammonia separator design.  
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Figure 1.1-11. Design 3 vs. final design. 
 
 
 The “eastside counter” contained all processing units associated with production of 
renewable hydrogen. This included SMR-402, HTS-302, LTS-303, HM-200, and hydrogen 
compression and storage. 
 
 Key to start-up and operation of the four main unit operations in the “east bench” was the 
ability to switch gases being fed to individual reactor systems, so that catalyst reduction and start-
up could be performed with one particular gas (i.e., hydrogen), then switch that reactor to simulated 
biogas (i.e., SMR-402), all the while starting up HM-200 on nitrogen gas, then switching gas flow 
to HM-200 to either hydrogen or product gas from SMR-402. Therefore, a number of gas bypass 
options were incorporated into the design. The final working design was achieved after one or two 
start-up failures, which brought to light certain inadequacies of initial designs for gas routing. 
 
 The “westside counter” contained all processing units associated with production of 
ammonia. This included the nitrogen PSA, nitrogen compression and storage, ammonia reactor 
(AR-101), ammonia capture (HX-3), and recycle gas compression and storage. Additionally, the 
westside counter included the capability to allow use of high-pressure nitrogen and hydrogen as 
feed gases for the unit. This capability allowed for commissioning and test operations to be 
conducted while the eastside counter was under construction. 
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Figure 1.1-12. Eastside counter diagram. 
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Figure 1.1-13. Westside counter diagram. 
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Simulated Biogas Campaign 
 
 The simulated biogas campaign began on Monday, February 7, 2011, and ran through 
Friday, February 11, 2011. The reactor system was staffed perpetually, beginning Tuesday,  
February 8, 2011, during this period by two 2-person crews that tended to the operation. The crews 
observed, maintained, adjusted, and replenished the system as required plus collected various gas 
samples for analysis. 
 
 The run began on Monday morning by bringing the ammonia reactor online. This involved 
increasing both the temperature and pressure of AR-101 while increasing gas flow rates through 
the reactor. It should be noted that the pressure within AR-101 was controlled by back-pressure 
regulator R-HX3. Therefore, the pressure within AR-101 and HX-3 were maintained at the same 
value, despite the great temperature difference between the two. 
 
 Initial operating conditions were selected to provide a slight excess of H2 in which a mole 
ratio of 3.1:1 for H2:N2 was selected. This is in keeping with operational parameters of actual 
ammonia plants, where a slight excess of hydrogen is maintained to ensure high formation rates 
of ammonia versus by-products. This required monitoring of the composition of the recycle gas 
as, over time, the hydrogen-to-nitrogen ratio would climb. Once the recycle gas contained a slight 
excess of hydrogen, the makeup gas was switched to a 3.0:1 mole ratio. Gas sampling of H2:N2 is 
shown in Table 1.1-17. 
 

Ammonia Production 
 
 Ammonia production rates are shown in Table 1.1-18. Operation of the ASL initially focused 
upon achieving a “balance point” between ammonia production and makeup H2 and N2 flow. It 
should be remembered that the reactor was designed to produce a maximum of 28 g/hr of ammonia. 
As the rate of makeup and recycle gas was decreased, a decrease in ammonia output was noted. 
Increasing the flow rates and increasing the pressure within AR-101 increased the ammonia 
production rate. 
 
 The very last experiment of the run, which was performed at the highest pressure and 
temperature utilized in the campaign, resulted in a run-away ammonia production event. What was 
observed over a period of only a few minutes, was that the reaction temperature climbed briefly, 
and pressure sensor (PS)-103 showed a rapidly rising volume of ammonia in the capture vessel. 
Almost immediately, the pressure within AR-101 began to drop because of H2 and N2 being 
consumed faster than they could be replenished. The reaction eventually subsided as the reactor 
pressure dropped to a point where the kinetic rate could not be sustained. 
 
 

Table 1.1-17. Check of H2:N2 Ratio 
Date:Time Sample Point H2, mol% N2, mol% Btu/scf 
2/7/11:1504 HX3 75.52 23.82 245.37 
2/7/11:1517 V120 75.90 23.46 246.6 
2/9/11:0925 HX3 76.60 22.55 249.07 
2/10/11:0500 HX3 76.15 22.97 247.43 
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Table 1.1-18. Ammonia Production Rate Data from Simulated Biogas Conversion 

Date:Time 
H2 Flow, 

g/hr 
N2 Flow, 

g/hr 
Recycle, 

g/hr 
AR-101, 

°C 
AR-101, 

psig 
NH3 Rate, 

g/hr 
2/9/11:1915 4.74 21.41 120 617 1278 8.18 
2/9/11:2115 4.56 21.41 114 616 1278 5.74 
2/10/11:0051 1.82 9.06 114 557 1253 2.09 
2/10/11:0354 3.83 17.3 120 593 1290 3.32 
2/10/11:0534 3.83 17.3 120 601 1308 11.49 
2/10/11:0618 3.83 17.3 120 603 1312 7.00 
2/10/11:1611 3.83 17.3 120 618 1312 4.87 
2/10/11:1843 3.50 17.3 120 624 1312 6.10 
2/10/11:2018 3.50 17.3 120 639 1312 5.61 
2/10/11:2134 3.50 17.3 120 653 1312 5.17 
2/11/11:0125 3.50 17.3 120 664 1312 2.43 
2/11/11:0342 3.50 17.3 120 658 1337 160.3 

 
 
 During the run, the efficiency of HX-3 to capture ammonia was checked from time to time. 
The procedure used to check the escape, or “slip,” of ammonia from HX-3 was simple. The gas 
exiting HX-3 was switched from recycle to vent, then the vented gas was directed into a ~1-L 
volume of deionized water to which 10 mL of 0.27M sulfuric acid and 3 drops of phenolphthalein 
had been added. The amount of time required to cause the indicator to change color was recorded. 
Also, the total gas flow was measured. The amount of ammonia in the exit gas was calculated as 
a percent of the total flow. Results are shown in Table 1.1-19.  
 

Biogas Reforming 
 
 Beginning Tuesday morning, the reforming reactor (SMR-402) and the hydrogen membrane 
(HM-200) were brought online. This enabled the production of ammonia from simulated biogas.  
 
 Operation of SMR-402 was interesting. Overall, SMR-402 was a very stable unit that was 
easy to manage. However, the steepest portion of the learning curve involved managing the 
exotherm generated by the reforming operation. Typically, a Watlow EZ-ZONE controller would  
 
 

Table 1.1-19. Ammonia Slip Measurements 

Date:Time 
Gillibrator 

Flow, mL/min 
Time to End 
Point, min 

NH3, 
mL/min 

NH3 in Exit Gas, 
vol% 

2/9/11:1348 1242 9.633 12.56 1.01 
2/9/11:1929 1212 10.07 12.02 0.99 
2/10/11:0127 1212 22.3 5.42 0.45 
2/10/11:0632 1006 12.87 9.40 0.93 
2/10/11:0930 973 13.3 9.09 0.93 
2/10/11:1504 NA 12.97 9.32 NA 
3/1/11:1030 NA >20 NA NA 
3/2/11:0130 434 35.83 3.37 0.78 
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be set in the neighborhood of 400°F, which would supply enough thermal energy to initiate the 
reforming reaction. This would result in a gas exit temperature of nearly 1300°F. Results of the 
reforming operations are shown in Table 1.1-20. 
 

Hydrogen Membrane 
 
 Operation of HM-200 was performed in order to purify the hydrogen produced by operation 
of SMR-402. Typically, a pressure of 120 to 140 psi of reformed gas was supplied to the inlet of 
the membrane. The membrane was warmed to an operational exterior skin temperature of 650°F 
or slightly more. The pressure of the waste gas outlet was regulated to just a little below the supply 
pressure, so that a modest gas flow was obtained. This ensured a residence time within the 
membrane device. Also, the inlet side of the membrane was packed with fine sand to prevent 
polarization layering on the surface of the tubes, based upon the recommendation of the 
manufacturer. 
 
 A three-point thermocouple was positioned within the membrane chamber, and single-point 
thermocouples were positioned at the outlet of both the waste gas and product gas lines. 
Interestingly, the temperature of the product gas at the outlet was always higher than the exterior 
skin temperature. 
 
 The product outlet gas pressure was not regulated. It was simply allowed to flow to a small 
surge bottle that provided buffer capacity to a small gas booster that, in turn, fed a large gas booster 
that pressurized the hydrogen to a pressure suitable for introduction to the ASL. 
 
 The purity of the hydrogen produced was excellent, as seen in Table 1.1-21. The measured 
purity of the hydrogen was in all likelihood lower than the actual purity. Because of sampling 
methods and downstream sample handling, traces of atmosphere were introduced, which led to 
lower purity measurements than were actually attained. 
 
 The waste gas produced during the production run was similarly analyzed, with results listed 
in Table 1.1-22. This gas usually possessed a Btu value greater than 250 Btu/scf. Combustion of 
this gas for either steam or electrical power generation is an option that could lead to a plant of the 
correct scale being entirely self-sufficient, enabling stand-alone production capability. This 
possibility is examined further in the Economics section. 
 
 

Table 1.1-20. Analyses of Reformed Biogas 

Date:Time 
Gillibrator, 

mL/min 
H2, 

mol% 
CO2, 

mol% 
CH4, 

mol% 
CO, 

mol% Btu/scf 
2/8/11:1350 3541 53.16 28.82 11.50 5.88 308 
2/8/11:1430 2482 57.06 28.94 8.68 5.11 290 
2/8/11:1455 2277 58.36 28.94 7.82 4.78 284 
2/9/11:0915 2142 58.88 28.61 7.87 4.39 285 
2/9/11:1215 2192 58.96 28.29 7.48 4.69 282 
2/9/11:1215  59.69 28.06 7.19 4.98 283 
2/10/11:1255  45.35 29.94 17.96 6.66 350 
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Table 1.1-21. Hydrogen Purification by HM-200 

Date:Time 
Gillibrator, 

mL/min 
H2, 

mol% 
CO2, 

mol% 
CH4, 

mol% 
CO, 

mol% Btu/scf 
2/9/11:1317  99.64 0 0 0 323.74 
2/10/11:0455  99.53 0.05 0 0 323.44 
2/10/11:0913  99.94 0.02 0 0 324.74 

 
 

Table 1.1-22. Analyses of Waste Gas from HM-200 

Date:Time 
Gillibrator, 

mL/min 
H2, 

mol% 
CO2, 

mol% 
CH4, 

mol% 
CO, 

mol% Btu/scf 
2/9/11:1323  19.38 38.02 11.56 7.95 205.5 
2/9/11:2000  21.21 48.33 17.80 12.40 288.91 
2/9/11:2235  9.56 21.67 7.19 5.34 120.97 
2/10/11:0440  16.94 50.07 18.96 13.18 289.28 
2/10/11:0905  27.47 42.48 19.34 11.60 312.17 
2/10/11:1155  17.99 44.92 25.97 10.87 356.20 

 
 

Reformed and Shifted Gas Campaign 
 
 The reformed and shifted gas campaigns were performed sequentially beginning  
February 28, 2011, through March 4, 2011.  
 

Ammonia Production 
 
 The production of ammonia was begun with the last data point collected from the previous 
campaign well in mind. This data point was the one where a condition arose in the ASL that 
produced ammonia at a rate of 160 g/hr. While no exotherm was noted during this period, high gas 
velocity was assumed to be the cause of the excursion, thereby carrying heat away from the 
thermocouples before a temperature change could be noted. Therefore, a new series of gas velocity 
experiments were conducted to determine if high ammonia production rates could be achieved. 
These experiments are shown in Table 1.1-23. 
 
 Initial experiments focused on increasing the recycle rate of the gas, thereby increasing the 
total gas flow. Also, experiments were conducted with AR-101 pressure control being provided 
by RHX-3 and later by R-103. The primary difference is that RHX-3 controlled the pressure within 
HX-3, and subsequently AR-101, while R-103 controlled only the pressure in AR-101. 
Operationally, the ASL was more productive and easier to control while R-103 was controlling 
the pressure in AR-101. 
 
 However, oftentimes, no matter if RHX-3 or R-103 was used to control the pressure, the 
actual operating pressure would be less than the set pressure. This was due to the reaction rate 
oscillating slightly because of subtle increases and decreases in ammonia production rates. As the  
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Table 1.1-23. RHX-3 Controlling Pressure in AR-101 

Date:Time 
H2 Flow, 

g/hr 
N2 Flow, 

g/hr 
Recycle, 

g/hr 
AR-101, 

°C 
AR-101, 

psig 
NH3 Rate, 

g/hr 
3/1/11:2026 3.5 17.3 120 627 1310 8.15 
3/1/11:2104 3.5 17.3 120 639 1304 2.53 
3/1/11:2150 1.76 8.24 132 601 1316 1.30 
3/1/11:2310 1.76 8.24 150 571 1369 0.99 
3/2/11:0115 3.71 17.3 120 720 1371 2.20 
3/2/11:0143 3.71 17.3 114 721 1378 1.45 
3/2/11:0338 3.71 17.3 126 728 1376 2.90 
3/2/11:0350 3.71 17.3 132 728 1374 1.61 
3/2/11:0448 3.71 17.3 120 728 1377 1.90 
3/2/11:0550 4.76 22.24 120 730 1375 1.23 
3/2/44:1030 3.71 17.3 120 701 1375 2.24 

 
 
ammonia production rate increased, the pressure would decrease, resulting in a decrease in 
ammonia production rate, at which point the pressure would rise until the rate of ammonia 
formation would decrease the operational pressure again. For this reason, the rate of ammonia 
production and the operational pressure balanced one another out, providing an element of self-
regulation to the process. 
 
 Three key factors controlled the rate of ammonia production: temperature, pressure, and total 
gas flow rate. Sifting the data in Tables 1.1-23 and 1.1-24 provides the following data for 
temperature dependency. Some scatter of the data will be due to variance in pressure, but the trend 
is still visible. 
 
 The general relationship between reactor temperature and ammonia production rate is 
presented in Table 1.1-25 and shown graphically in Figure 1.1-14. The general trend is that 
increasing the temperature increases the rate of ammonia production. 
 
 

Table 1.1-24. R-103 Controlling Pressure in AR-101 

Date:Time 
H2 Flow, 

g/hr 
N2 Flow, 

g/hr 
Recycle, 

g/hr 
AR-101, 

°C 
AR-101, 

psig 
NH3 Rate, 

g/hr 
3/3/11:1522 3.71 17.3 120 862 1365 5.31 
3/3/11:1946 3.7 17.3 150 868 1361 5.00 
3/3/11:2035 3.7 17.3 144 868 1361 4.07 
3/3/11:2212 3.7 17.3 138 869 1373 3.63 
3/3/11:2334 3.7 17.3 132 870 1333 4.52 
3/4/11:0007 3.7 17.3 132 870 1353 2.73 
3/4/11:0142 3.7 17.3 126 870 1359 3.61 
3/4/11:0245 3.7 17.3 120 870 1361 3.67 
3/4/11:0415 3.7 17.3 156 873 1363 5.48 
3/4/11:0541 3.7 17.3 168 874 1365 7.42 
3/4/11:0800 3.7 17.3 180 876 1343 5.40 
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Table 1.1-25. Temperature Dependency Data 

Date:Time 

H2 
Flow, 
g/hr 

N2 
Flow, 
g/hr 

Recycle 
Flow, 
g/hr 

Total 
Flow, 
g/hr 

AR-101, 
°C 

AR-101, 
psig 

NH3 Rate, 
g/hr 

3/4/11:0245 3.7 17.3 120 141 870 1361 3.67 
3/2/11:0448 3.71 17.3 120 141.01 728 1377 1.90 
3/2/11:0115 3.71 17.3 120 141.01 720 1371 2.20 
3/2/44:1030 3.71 17.3 120 141.01 701 1375 2.24 
3/3/11:1522 3.71 17.3 120 141.01 862 1365 5.31 

 
 

 
 

Figure 1.1-14. Dependency of ammonia production on temperature. 
 
 
 The general relationship between reactor pressure and ammonia production rate is presented 
in Table 1.1-26 and Figure 1.1-15. The general observation is that the ammonia production rate is 
greater at lower pressures, in keeping with the catalyst being a low-pressure catalyst. 
 
 The general relationship between gas flow rate and ammonia production rate is presented in 
Table 1.1-27 and Figure 1.1-16. Some scatter of the data may be attributed to variance in operation 
pressure and temperature, but clearly the trend is intact, that higher gas flow rates provide higher 
production rates of ammonia. 
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Table 1.1-26. Pressure Dependency Data 

Date:Time 
H2 Flow, 

g/hr 
N2 Flow, 

g/hr 
Recycle, 

g/hr 
Total 

Flow, g/hr 
AR-101, 

°C 
AR-101, 

psig 
NH3 Rate, 

g/hr 
3/1/11:2026 3.5 17.3 120 140.8 627 1310 8.15 
3/4/11:0245 3.7 17.3 120 141 870 1361 3.67 
3/3/11:1522 3.71 17.3 120 141.01 862 1365 5.31 
3/2/11:0115 3.71 17.3 120 141.01 720 1371 2.2 
3/2/11:0550 4.76 22.24 120 147 730 1375 1.23 
3/2/44:1030 3.71 17.3 120 141.01 701 1375 2.24 
3/2/11:0448 3.71 17.3 120 141.01 728 1377 1.9 
 
 

 
 

Figure 1.1-15. Dependency of ammonia production on pressure. 
 
 
 At some point, the gas flow rate will exceed the ability of the preheat section of the reactor 
to warm the incoming gas to an optimal temperature for initiation of the ammonia-forming 
reaction, and the rate of ammonia production will decrease. 
 
 During the ammonia production runs, the hydrogen-to-nitrogen ratio was checked to ensure 
that the ratio was slightly favoring hydrogen but not by too large a margin. The data from these 
analyses are recorded in Table 1.1-28. 
 
 For reference, all ammonia production data are recorded in Table 1.1-29, regardless of which 
back-pressure regulator was controlling. 
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Table 1.1-27. Total Flow Dependency Data 

Date:Time 

H2 
Flow, 
g/hr 

N2 
Flow, 
g/hr 

Recycle, 
g/hr 

Total 
Flow, 
g/hr 

AR-101, 
°C 

AR-101, 
psig 

NH3 Rate, 
g/hr 

3/3/11:1946 3.7 17.3 150 171 868 1361 5.00 
3/3/11:2035 3.7 17.3 144 165 868 1361 4.07 
3/3/11:2212 3.7 17.3 138 159 869 1373 3.63 
3/3/11:2334 3.7 17.3 132 153 870 1333 4.52 
3/4/11:0007 3.7 17.3 132 153 870 1353 2.73 
3/4/11:0142 3.7 17.3 126 147 870 1359 3.61 
3/4/11:0245 3.7 17.3 120 141 870 1361 3.67 
3/4/11:0415 3.7 17.3 156 177 873 1363 5.48 
3/4/11:0541 3.7 17.3 168 189 874 1365 7.42 
3/4/11:0800 3.7 17.3 180 201 876 1343 5.40 

 
 

 
 

Figure 1.1-16. Dependency of ammonia production on total flow rate. 
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Table 1.1-28. Check of Hydrogen:Nitrogen Ratio 
  Sample Point H2, mol% N2, mol% Btu/scf 
3/1/11:0800 HX3 74.88 23.84 243.32 
3/2/11:0800 HX3 74.24 24.41 241.31 
3/2/11:1035 HX3 72.87 25.47 236.77 
3/2/11:1215 HX3 73.72 24.89 239.53 
3/2/11:1525 HX3 74.36 24.32 241.59 
3/3/11:1000 V122 72.38 26.11 235.18 
3/3/11:1300 HX3 74.78 24.39 242.98 

 
 
Table 1.1-29. All Ammonia Production Data 
Date:Time AR-101, T102, °C AR-101, T-103, °C ∆T, °C Ammonia, g/hr 
2/9/11:1915 846 617 229 8.18 
2/9/11:2115 846 616 230 5.74 
2/10/11:0051 822 557 265 2.09 
2/10/11:0354 837 593 244 3.32 
2/10/11:0534 837 601 236 11.49 
2/10/11:0618 837 603 234 7.00 
2/10/11:1611 861 618 243 4.87 
2/10/11:1843 876 624 252 6.10 
2/10/11:2018 895 639 256 5.61 
2/10/11:2134 916 653 263 5.17 
2/11/11:0125 929 664 265 2.43 
2/11/11:0342 929 658 271 160.3 
3/1/11:2026 874 627 247 8.15 
3/1/11:2104 874 639 235 2.53 
3/1/11:2150 874 601 273 1.30 
3/1/11:2310 874 571 303 0.99 
3/2/11:0115 874 720 154 2.20 
3/2/11:0143 872 721 151 1.45 
3/2/11:0338 871 728 143 2.90 
3/2/11:0350 873 728 145 1.61 
3/2/11:0448 873 728 145 1.90 
3/2/11:0550 872 730 142 1.23 
3/2/44:1030 830 701 139 2.24 
3/3/11:1522 858 862 −4 5.31 
3/3/11:1946 858 868 −10 5.00 
3/3/11:2035 858 868 −10 4.07 
3/3/11:2212 857 869 −12 3.63 
3/3/11:2334 860 870 −10 4.52 
3/4/11:0007 859 870 −11 2.73 
3/4/11:0142 860 870 −10 3.61 
3/4/11:0245 860 870 −10 3.67 
3/4/11:0415 858 873 −15 5.48 
3/4/11:0541 856 874 −18 7.42 
3/4/11:0800 855 876 −21 5.40 
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Shifted Gas Production 
 
 Shifted gas production was not checked during the period of operation from the simulated 
shifted gas cylinders. 
 

Hydrogen Membrane 
 
 The waste gas from the hydrogen membrane was checked twice during the period of 
operation from the simulated reformed gas cylinders. The data are presented in Table 1.1-30. 
 
 Similarly, the waste gas was checked during the period of operation from the simulated 
shifted gas cylinder, as shown in Table 1.1-31. 
 
 The Btu value of the waste gas was within the range of values measured during the simulated 
biogas campaign. 
 

Concept for Biogas and Landfill Gas 
 
 The data gathered and experience gained during the simulated biogas, reformed gas, and 
shifted gas campaigns provided a basis for the development of a design concept for an integrated 
renewable ammonia plant. The concept utilizes the waste gas from the hydrogen purification step 
as a source of energy for electrical generation. The amount of electrical power has been calculated 
to be sufficient to provide all power required to operate compressors, heaters, and chillers, thereby 
allowing the ammonia produced to be 100% renewable. Addition of fossil-derived power for 
operation of the conceptual plant is not required. 
 

Concept Block Flow Diagram 
 
 The concept is presented in the form of a block flow diagram in Figure 1.1-17. Both inputs 
and outputs are presented in red. Input of either anaerobic digester or landfill gas into Module 1 
provides for the removal or sequestering of sulfur-bearing species that would poison catalysts in 
subsequent modules. A stream of methane and carbon dioxide would be provided to Module 2, the 
SMR module. The reformed gas would flow to Module 3, which is envisioned as a PSA in 
industrial operation. The PSA would provide pure hydrogen to Module 5, the ASL, and waste gas 
to Module 7, the power generation module, which is envisioned as a Capstone® turbine. A separate 
PSA for extraction of nitrogen from the atmosphere would provide pure nitrogen to Module 5. 
Module 6 is envisioned as an ammonia recovery unit, allowing unreacted hydrogen and nitrogen 
to be recycled to Module 5. A separate module or system for ammonia storage and load-out would 
be required.  
 
 
Table 1.1-30. Composition of Waste Gas from Shift Operation 

Date:Time 
Gillibrator, 

mL/min 
H2, 

mol% 
CO2, 

mol% 
CH4 

mol% 
CO, 

mol% Btu/scf 
3/1/11:2250  37.81 39.73 6.23 3.47 236 
3/2/11:0600  48.60 40.62 6.52 3.86 236 
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Table 1.1-31. Waste Gas from Shift Gas Cylinder 

Date:Time 
Gillibrator, 

mL/min 
H2, 

mol% 
CO2, 

mol% 
CH4, 

mol% 
CO, 

mol% Btu/scf 
3/2/11:0720  49.35 39.27 5.88 1.32 224 

 
 

 
 

Figure 1.1-17. Conceptual block flow diagram for ammonia production from either landfill or 
anaerobic digester gas. 

 
 

Concept for Syngas Via Gasification 
 
 The operational data gathered also supported a concept for production of ammonia via 
gasification of either coal or biomass. Again, the waste gas produced from hydrogen purification 
can provide sufficient power to operate all modules of the plant, enabling production of a 100% 
renewable ammonia, if biomass is utilized as the feedstock. 
 

Concept Block Flow Diagram 
 
 This concept also utilizes a modular design, as shown in Figure 1.1-18. Beginning with  
Module 1, either coal or biomass is gasified. The mixed syngas produced would be provided to 
Module 2, where poisons such as sulfur- and chlorine-bearing species would be removed.  
Module 2 would also contain a shift unit for optimizing hydrogen production. Module 3 would 
accept the shifted gas and provide a pure hydrogen stream to Module 5 and a waste gas stream to 
Module 7 for power generation. In this concept, the design differs from the previous design in that  
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Figure 1.1-18. Conceptual block flow diagram for ammonia production via gasification. 
 
 
the reject gas from Module 4 will be provided to Module 1 for gasification. The use of oxygen-
enriched gas in Module 1 will allow for more compact and efficiently sized Modules 2 and 3, 
thereby reducing capital costs. Module 4 provides pure nitrogen to Module 5, the ASL. Again, 
Module 6 is an ammonia capture system, allowing for return of unreacted hydrogen and nitrogen 
to Module 5. A complete plant would also require ammonia storage and load-out facilities.  
 
 
ECONOMIC ANALYSIS 
 
 The bioammonia technology was first evaluated for economic viability by estimating capital 
and operating expenses for a 100-lb/hr NH3 production facility using biogas as a feedstock and the 
experimental lab-scale setup as a basis for design. At this scale, 420 tons of ammonia would be 
generated annually, assuming 350 days/yr of operation (8400 hr annually). The rate of biogas 
feedstock required would be 38.6 scfm. It was assumed the biogas would be available at no cost. 
 
 Table 1.1-32 shows the estimated capital expenses (CAPEX) to be $3.7 million for the  
100-lb/hr base case system. To derive estimates for the example system, a scale-up factor of 1.37 
was derived by comparing lab-scale project expenses and full-scale economic bioammonia studies 
(Schmidt et al., 2008). Additional pieces not needed for this project but required for a larger system 
include a microturbine for recovery of energy vented from the hydrogen membrane and a product 
holding tank. Costs for construction of the system were also considered, about 60% of the 
equipment total.  
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Table 1.1-32. Estimated CAPEX for 100-lb/hr  
NH3 Bioammonia System 
Item Cost 
SulfaTreat Reactor  $85,000  
SMR  $100,000  
Hydrogen Membrane  $195,000  
PSA  $240,000  
ASR  $90,000  
Chiller System  $395,000  
Heat Exchangers (eight)  $40,000  
Compressors (four)  $575,000  
Heaters (three)  $140,000  
Holding Tank  $20,000  
Microturbine  $60,000  
Misc. (e.g. piping, instruments, etc.)  $365,000  
Construction Labor @ 60% Equipment $1,380,000 
Total System $3,690,000  

 
 
 OPEX were based on energy, water, maintenance and labor requirements (Table 1.1-33), 
estimated to be $0.3 million annually for the base case system. Energy consumption was estimated 
based on the heating, PSA, compression, and chiller system electrical needs. The national average 
price for electricity of $0.068/kWh was used (U.S. Energy Information Administration, 2009). 
Water and wastewater requirements include steam for the SMR and cooling of hot streams prior 
to compression as well as precooling of the product stream prior to product recovery. Utility rates 
of $1.75/1000 gal water used and $4.40/1000 gal wastewater treated are nationally averaged rates 
used in the previous full-scale bioammonia study (Schmidt et al., 2008). Labor for operation of the 
system, assuming a rate of $15/hr, and annual maintenance requirements were also considered. 
 
 Table 1.1-34 summarizes the power needs for the base system to total 0.5 MMBtu/hr  
(150 kW), with energy needs of 1300 MWh/yr. Heating is required to generate steam for the SMR 
and to heat the hydrogen membrane and ASR. Compression is needed to flow the feedstock gases 
through the SMR, WGS reactors, and hydrogen membrane and to maintain activation of the ASR. 
The chiller system uses a radiator glycol approach to provide the cryogenic cooling for product 
recovery. Potential electricity generated from the membrane exhaust was estimated to be 56 kW, 
assuming the exhaust gas is a calculated 300 Btu/scf. Analyses of the exhaust gas taken during 
testing showed the gas to be at least 250 Btu/scf; thus the calculated energy content of the gas is 
considered reasonable with system optimization. With this energy recovery, electrical needs are 
estimated at 100 kW and 830 MWh annually. 
 
  



1.1-43 

Table 1.1-33. Estimated OPEX for 100-lb/hr NH3  
Bioammonia System 

Utility Price 
Annual 
Value 

Annual 
Cost 

Electricity $0.068/kWh1 830 MWh $56,300 
Freshwater $1.75/1000 gal 4.79M gal $8,390 
Wastewater $4.40/1000 gal 4.55M gal $20,000 
Labor $15/hr 8400 hr $126,000 
Maintenance – – $90,000 
Total  $301,000 
1 Energy Information Administration, 2009. 

 
 

Table 1.1-34. Estimated Energy Requirements  
for 100-lb/hr NH3 Bioammonia System 
Item Value Unit 
Power Required 527 Btu/hr 
 Heaters 304 Btu/hr 
 PSA 3 Btu/hr 
 Compressors 87 Btu/hr 
 Chiller System 133 Btu/hr 
Total Electrical Power 154 kW 
Total Electrical Energy 1300 MWh/yr 
Electricity from 
Membrane Exhaust 

56 kW 
470 MWh/yr 

Net Electrical Power 98 kW 
Net Electrical Energy 830 MWh/yr 

 
 
 About 5 million gal of water and 8400 labor hours would be required annually for the base 
case. Table 1.1-35 provides the total water requirements of nearly 10 gpm for SMR steam and 
system cooling. Incoming water for steam and cooling would then be 4.8 million gal annually, and 
wastewater from cooling would be 4.6 million gal/yr. It was estimated that only one operator would 
be required to run and monitor the base case bioammonia system. 
 
 Maintenance for the base case system is estimated to be about $90,000 annually (see  
Table 1.1-36). The estimate includes annual catalyst costs for the SMR and ASR units, based on 
catalyst usage for the laboratory system. The hydrogen membrane and PSA maintenance costs 
were provided by manufacturers. Maintenance for the chiller system, heat exchangers, and 
compressors was derived from manufacture costs in previous studies (Schmidt et al., 2008). 
Finally, a general maintenance cost was estimated for the remaining pieces of equipment at 5% 
CAPEX: sulfur treatment reactor, heaters, holding tank, microturbine, and misc. (e.g., piping, 
instruments, etc.). A contingency of 10% of the maintenance estimate was also included. 
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Table 1.1-35. Estimated Water and  
Labor Requirements for 100-lb/hr  
NH3 Bioammonia System 
Item Value Unit 

Water Requirements 
Total 9.5 gpm 

Steam 0.5 gpm 
Cooling 9.0 gpm 

Freshwater 4790 1000 gal/yr 
Wastewater 4550 1000 gal/yr 

Labor Requirements 
One Operator,  

Three Shifts 
8400 hr/yr 

 
 

Table 1.1-36. Estimated Maintenance  
for 100-lb/hr NH3 Bioammonia  
System 
Item Annual Cost 
SMR $1,280 
Membrane $1,000 
PSA $750 
ASR $1,330 
Chiller System $5,000 
Heat Exchangers $14,000 
Compressors $25,000 
General $33,500 
Contingency, 10% $8,190 
Annual Maintenance $90,000 

 
 
 In order for the 100-lb/day base case bioammonia facility to break even at a simple payback 
of 20 yr, a price of ammonia would have to be at least $1200/ton. A 20-yr payback is considered 
a break-even point for most investors since the lifespan of industrial equipment is typically  
15–25 years. Simple payback is calculated by dividing the CAPEX by the revenue, making it 
$184,000 annually. Adding the OPEX to the revenue, the income of the facility would then be 
$485,000/yr for 420 tons, resulting in a price of $1160/ton NH3. Since the price of NH3 has never 
risen higher than $800/ton (U.S. Department of Agriculture, 2010) (national average), a sensitivity 
analysis was conducted to determine the scale at which a bioammonia facility becomes more 
realistic.  
 
 With current ammonia prices closer to $700/ton, economic viability could be seen in 
bioammonia facilities of >700 lb/hr or 3000 tons/yr NH3. Figure 1.1-19 shows the effect of facility 
scale to the simple payback as well as ammonia price. A 10-yr simple payback was considered 
economically viable. When ammonia prices are up to $800/ton as they were on average in 2008, a  
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Figure 1.1-19. Sensitivity of scale in bioammonia economics. 
 
 
bioammonia facility may break even if sized ≥300 lb/hr NH3, becoming economically viable  
≥550 lb/hr NH3. When ammonia prices are down to $600/ton, as they were on average last year, a 
bioammonia facility may break even if sized ≥600 lb/hr NH3, becoming economically viable  
≥1000 lb/hr NH3.  
 
 For a simple payback of 10 yr and an ammonia price of $700/ton, using the same methods 
described in the previous section, a bioammonia facility with a biogas feedstock available at no 
cost would be an estimated size of 3100 tons annually. This would require a production rate of  
730 lb/hr NH3 and a feedstock rate of 280 scfm biogas. Figures 1.1-20 and 1.1-21 show the 
distribution of CAPEX and OPEX, respectively. Construction of the facility is the largest up-front 
expense, followed by energy transfer equipment (e.g., compressors, heaters, etc.). The greatest 
annual costs will be electricity and labor (three operators) for facility operation. The CAPEX and 
OPEX are estimated to be $9.1 million/yr and $1.2 million/yr, respectively. 
 
 
CONCLUSIONS 
 
 The project has led to several interesting findings and several commercial possibilities. First, 
it has been determined that simulated biogas can be converted to ammonia in a chemical process. 
Second, the number of operating units required to perform this transformation is less than that 
associated with a traditional ammonia plant. Third, application of modern technologies allows for  
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Figure 1.1-20. Distribution of estimated capital expenses for bioammonia production. 
 
 
economically viable distributed-scale production via the pathways laid out in this project. Fourth, 
the economic tipping point for financial success is estimated to be at a production level above  
700 lb/hr of ammonia. 
 
 Commercial possibilities that have arisen as a result of this effort include utilization of the 
following feedstocks or energy sources: 1) biogas and/or landfill gas, 2) flare gas associated with 
petroleum extraction, 3) biomass conversion via gasification, and 4) wind-generated electricity for 
hydrogen production via water electrolysis. All of these possibilities are currently being examined 
by senior EERC researchers in partnership with private sector groups and individuals. 
 
 The finding that water-based reforming of mixtures of methane and carbon dioxide provide 
better-than-expected results has formed the basis for a patent application to be filed by the EERC.  
 
 Further work in the area of water-based reforming of methane and carbon dioxide mixtures 
is warranted. The EERC is presently seeking funding sources for this proposed effort. 
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Figure 1.1-21. Distribution of estimated annual operating expenses for bioammonia production. 
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BENCH-SCALE UNIT – UNIT OPERATIONS AND DESIGN PARAMETERS 
 
 
 Biogas Desulfurization Unit (ST-404) 
 
 The biogas desulfurization unit (ST-404) was designed to contain a specified volume of 
SulfaTreat® 410HP, which would provide for about 55 days of continuous operation before the 
sorbent would be saturated and no longer able to scrub hydrogen sulfide from the simulated biogas. 
The desulfurization unit was design to accommodate a flow of 827 standard mL/min, providing a 
scrubbed gas flow of 823 standard mL/min. The SulfaTreat reactor required no heating or 
monitoring of condition. Because of the proprietary nature of this sorbent, no further details of the 
vessel design or the nature of the sorbent can be provided. 
 
 Steam Generator (SG-501) 
 
 A steam generator was designed to provide for the conversion of 4.0 mL/min liquid water 
into 1518 standard mL/min steam. The reactor was designed as an 18.00-in.-long by 1.00-in.-
outside diameter (o.d.) tube with a 0.083-in. wall thickness. The tube was wrapped with a heating 
cable, and a thermocouple was attached to the exterior of the tube. The interior of the tube was 
filled with 0.24-in. 316 stainless steel (316SS) Pro-Pak®, held in place by both top and bottom 
support screens. The ends of the tube were sealed with Swagelok® compression fittings. The 
feedstock gas supply was provided to the reactor by 0.25-in.-o.d. tubing. The generator was 
supplied with water by a SSI® high-pressure liquid chromatography (HPLC) pump which was 
plumbed to the reactor via 1/16-in. HPLC tubing and compression fittings. The reactor itself was 
insulated and mounted in a vertical orientation so that the steam path was in an upward direction. 
 
 Steam exited the reactor via 0.25-in. tubing and was supplied to the steam methane reformer 
(SMR) via a tee at the top (inlet) of the SMR. 
 
 After a period of initial commissioning, it was determined that a more reliable means of 
providing steam to the SMR was via direct injection of water into the top of the SMR catalyst bed. 
The steam generator was, therefore, removed from the operational train prior to operation of the 
SMR unit. 
 
 SMR (SMR-402) 
 
 SMR-402 was designed to provide for the conversion of 823 standard mL/min of scrubbed 
biogas to 2921 standard mL/min of reformed gas. The figure of 2921 standard mL/min includes 
excess steam which was not reacted with methane. The reactor was designed as an 18.00-in.-long 
by 1.00-in.- o.d. tube with an 0.083-in. wall thickness. The tube was wrapped with a heating cable, 
and a thermocouple was attached to the exterior of the tube. The interior of the tube was filled with 
83.0 g of Katalco® 57-4MQ catalyst. The volume of catalyst allowed for 0.75 in. of 0.24-in. Pro-
Pak at the inlet end of the reactor and 0.50 in. of the same Pro-Pak at outlet of the reactor. The 
catalyst was used as received and not ground to a finer size. Thermocouples were slipped into the 
catalyst beds, 1 in. from the inlet and 1 in. from the outlet of the reactor. Thus the tips of the 
thermocouples were within the catalyst bed. Support screens were placed at each end of the reactor. 
The ends of the tube were sealed with Swagelok® compression fittings. The feedstock gas supply 
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was provided to the reactor by 0.25-in.-o.d. tubing. The reactor itself was insulated and mounted 
in a vertical orientation so that the gas path was in a downward direction.  
 
 Prior to actual commissioning of SMR-402, it was determined that the most reliable means 
of steam generation was to simply pump the water into the catalyst bed at the top of the SMR-402 
reactor. This modification was performed via addition of a tee at the inlet to the SMR-402 and 
running the 1/16-in. HPLC tubing into the catalyst bed. 
 
 A 0.25-in. exit tube directed gas flow to the inlet of the high-temperature shift (HTS) reactor. 
 
 HTS (HTS-302) 
 
 HTS-302 was designed to provide for the conversion of 2921 standard mL/min of reformed 
gas to 2921 standard mL/min of shifted gas. The figure of 2921 standard mL/min includes excess 
steam which was not reacted with methane. The reactor was designed as an 18.00-in.-long by  
1.00-in.-o.d. tube with a 0.083-in. wall thickness. The tube was wrapped with a heating cable, and 
a thermocouple was attached to the exterior of the tube. The interior of the tube was filled with  
83.0 g of Katalco 71-5M catalyst. The catalyst was positioned at the outlet end of the reactor tube, 
allowing for the inlet end of the tube to be packed with 0.24-in. 316SS Pro-Pak. A little more than 
half the tube length was filled with Pro-Pak, allowing for this section of the reactor to function as 
a preheat section for the gases. The catalyst was used as received and not ground to a finer size. 
Thermocouples were slipped into the catalyst beds, 1 in. deep within the catalyst on the inlet and 
1 in. deep within the outlet end of the reactor. Thus the tips of the thermocouples were within the 
catalyst bed. Support screens were placed at each end of the reactor. The ends of the tube were 
sealed with Swagelok compression fittings. The feedstock gas supply was provided to the reactor 
by 0.25-in.-o.d. tubing. The reactor itself was insulated and mounted in a vertical orientation so 
that the gas path was in a downward direction. The outlet was connected by 0.25-in. tubing to the 
inlet of the low-temperature shift (LTS) unit.  
 
 LTS (LTS-303) 
 
 HTS-302 was designed to provide for the conversion of 2921 standard mL/min of shifted 
gas to 2921 standard mL/min of shifted gas. The figure of 2921 standard mL/min includes excess 
steam which was not reacted with methane. The reactor was designed as an 18.00-in.-long by  
1.00-in.-o.d. tube with a 0.083-in. wall thickness. The tube was wrapped with a heating cable, and 
a thermocouple was attached to the exterior of the tube. The interior of the tube was filled with  
99.0 g of Katalco 83-3MX catalyst. The catalyst was positioned at the outlet end of the reactor 
tube, allowing for the inlet end of the tube to be packed with 0.24-in. 316SS Pro-Pak. About half 
the tube length was filled with Pro-Pak, allowing for this section of the reactor to function as a 
preheat section for the gases. The catalyst was used as received, and not ground to a finer size. 
Thermocouples were slipped into the catalyst beds, 1 in. deep within the catalyst on the inlet and 
1 in. deep within the outlet end of the reactor. Thus the tips of the thermocouples were within the 
catalyst bed. Support screens were placed at each end of the reactor. The ends of the tube were 
sealed with Swagelok compression fittings. The feedstock gas supply was provided to the reactor 
by 0.25-in.-o.d. tubing. The reactor itself was insulated and mounted in a vertical orientation so 
that the gas path was in a downward direction. The outlet was connected by 0.25-in. tubing to the 
inlet of a gas–water separation vessel. 
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 Hydrogen Purification 
 
 An initial study was undertaken to determine the best way to purify the hydrogen produced 
via operation of SMR-502, HTS-302, and LTS-303. The two immediate options that were 
considered were hydrogen pressure swing adsorption (PSA) and a hydrogen membrane. Initial 
discussions with suppliers of small-scale PSAs were unrewarding. The suppliers stated the 
following objections to manufacture of a laboratory-scale PSA: 
 

• It would be an expensive one-off unit. 
• The electronics compartment would require an inert purge gas (i.e., nitrogen). 
• Performance could not be guaranteed if there were variability in feed gas composition. 

 
 A survey of hydrogen membrane suppliers revealed three type of devices to be available:  
1) dense-membrane units, 2) ceramic tubes coated with palladium, and 3) organic polymer 
membranes.  
 
 Suppliers of dense-membrane devices were reluctant to participate. They cited the 
extraordinarily high cost associated with the solid palladium membrane and a fear that our 
experiments might poison the membrane, thereby destroying its value. 
 
 Suppliers of organic polymer devices cited a known shortcoming of these devices to display 
high, or exclusive, selectivity for hydrogen; it is an inevitability that a certain amount of carbon 
monoxide or dioxide would penetrate the membrane. This would be an unacceptable outcome for 
ammonia synthesis. 
 
 Suppliers of ceramic, palladium-coated membranes were more receptive to our intended use. 
One supplier, REB Engineering, even produces such devices for sale, which appeared ideally 
suited to the scale we were anticipating. After reviewing the membrane offerings available from 
REB, a suitable unit was selected and purchased. The performance characteristics of the selected 
device included a maximum membrane permeability of 2 standard liters per minute (slpm), which 
was twice our requirement of 1 slpm.  
 
 Nitrogen PSA 
 
 Laboratory-scale nitrogen PSA units are available from a number of suppliers. Airgas was 
selected as the supplier on the basis of cost and stated performance of its standard unit. The unit 
selected required a compressed air supply of a minimum of 90 psig, whereby it would be capable 
of supplying 800 standard mL/min of 99.9999% pure N2 gas at 60 psig. Such a unit was purchased 
(Model HPN2-1100) and plumbed into the system. 
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 Control Software 
 
 The data acquisition and control system was developed using the Lookout Web-enabled 
software package distributed by National Instruments. Since the software is object-based and 
event-driven, it is relatively easy to develop new systems with minimal effort even though it has 
powerful alarming, security, networking, logging, and trending capabilities. 
 
 The ammonia production process was subdivided into hydrogen production via: 1) reformer; 
2) gas shift; and 3) H2 separation, nitrogen production from the N2-from-air PSA unit, and 
ammonia synthesis from nitrogen and hydrogen over a catalyst. In the case of hydrogen 
production, the data acquisition system was used to monitor temperatures, flows, and pressures, 
but the process was manually controlled. At this small scale, it was much easier to produce 
hydrogen in excess, with the balance being vented, rather than to implement control strategies that 
would be used to reduce waste. The same can be said for N2 production from the PSA unit.  
Figure A-1 presents the data acquisition screen used to monitor the biogas-to-hydrogen process.  
 
 Major components including steam generator, reformer, shift reactors, H2 separation 
membrane, and surge/storage tanks and the respective pressures, flows, and temperatures are 
displayed. Temperatures, flows, and pressures were trended on a separate screen that could be 
viewed concurrently, as shown in Figure A-2.  
 
 In the ammonia synthesis process, automated control loops were utilized to control reactor 
temperature and pressure, recycle flow rate, surge vessel pressures, and ammonia level control in 
the condensing unit. However, manual overrides were available for start-up, shutdown, or  
 
 

 
 

Figure A-1. Data acquisition screen for hydrogen production. 
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Figure A-2. Hydrogen production trend screen. 
 
 
otherwise making large step changes in system operation. As with hydrogen production, 
operational data acquisition screens and trending are shown in Figures A-3 and A-4, respectively. 
Figure A-5 presents the PID (proportional-integral-derivative) control screens used for tuning and 
monitoring pressure control loops. 
 
 Under the design conditions employed for ammonia production using this bench-scale 
process, less than 30% conversion is expected from the reactants. This scenario necessitates using 
reactant recycle to minimize production cost as a practical demonstration of this technology. 
Before the reactant gas can be recycled, the ammonia product is removed using condensation, 
where residual ammonia concentrations are reduced to less than 2% by volume. Makeup hydrogen 
and nitrogen must be added to replace reactant losses from the ASR to maintain system pressure.  
 
 Based upon the aforementioned operational scenario, four control loops were established to 
automate the steady-state production of ammonia. The first loop repressurized the reactant gases 
to a preset pressure using a gas pressure booster. This allowed the gases to be reliably recycled at 
a constant rate through a mass flowmeter/controller. The second loop set the recycle rate through 
the reactor. In this case, the PID loop was integral to the mass flowmeter, and only a set point was 
required to maintain constant recycle flow. The third and most important control loop was the 
hydrogen/nitrogen makeup stream, where the reactor set point pressure determined the makeup 
flow rate. In addition, the relative N2:H2 blend ratio could be adjusted to match the required  
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Figure A-3. Ammonia synthesis data acquisition screen. 
 
 
 

 
 

Figure A-4. Ammonia synthesis trending screen. 
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Figure A-5. Ammonia synthesis PID control screens. 
 
 
stoichiometry of the reactor, nominally 1:3. Initially, a fourth control loop was used to maintain  
back pressure to the ammonia condenser, but at this scale, it was found to be more reliable to 
replace this system with a simple back-pressure regulator. The liquid ammonia level in the 
condensing unit was maintained using a dead-band controller based upon differential pressure. At 
the high level, a valve opened, allowing ammonia to be removed until the low-level set point was 
reached. A complete steady-state control system would also require a continuous blowdown stream 
to prevent accumulation of inert gases or impurities in the recycle gases; however, gas analysis 
sampling was adequate for this purpose. 
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 Ammonia Synthesis Loop (ASL) 
 
 The synthesis of ammonia from hydrogen and nitrogen was developed by Fritz Haber and 
Carl Bosch in the early 1900s. The reaction requires a catalyst to overcome kinetic limitations 
associated with the strength of the nitrogen–nitrogen triple bond. Despite the use of a catalyst, 
relatively high reaction temperatures are required to achieve reasonable reaction rates. However, 
higher temperatures result in equilibrium conditions that favor the reactants rather than the product. 
Therefore, the production of ammonia is a trade-off between fast kinetic rates and equilibrium-
limited yield.  
 
 In an industrial setting, a common conversion of hydrogen and nitrogen to ammonia is about 
20%. Since much time and resources have been dedicated to the generation of the hydrogen and 
nitrogen mixture, it is most economical to recycle the unreacted gases for subsequent passes 
through the ammonia reactor. Conceptually, the ammonia-laden gases exiting the reactor would 
be introduced to an ammonia capture device, unreacted nitrogen and hydrogen would be recycled, 
and makeup nitrogen and hydrogen would be introduced to maintain constant pressure within the 
ammonia reactor. A block flow diagram for this scenario is depicted in Figure A-6. 
 
 Pressure also plays a role in the conversion of hydrogen and nitrogen to ammonia. Typically, 
increasing pressure accelerates the rate of ammonia formation. Therefore, pressure can be used to 
moderate the temperatures required, but only within a certain minimal temperature. Modern, low-
pressure ammonia catalysts are capable of producing ammonia at pressures as low as 1200 psig,  
 
 

 
 

Figure A-6. Proposed ammonia synthesis loop. 
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but can be operated at higher pressures. Increasing the pressure increases energy costs associated 
with compression of the gases and will, ultimately, be limited by the equilibrium governing the 
reaction at a certain temperature. Therefore, high operating pressures can be an issue, which is 
associated with diminishing returns. 
 
 Ammonia Reactor (AR-101) 
 
 AR-101 was designed to provide for the conversion of 4.94 g/hr of H2 and  
23.06 g/hr of N2 to 28 g/hr of ammonia. With an anticipated conversion of 20%, an unreacted flow 
of 19.76 g/hr of H2 and 92.24 g/hr of N2 is required. This means the total mass flow through the 
reactor is required to be 140 g/hr. The reactor was designed as a 23.50-in.-long by 1.00-in.-o.d. 
tube with a 0.083-in. wall thickness. The tube was heated by means of a small tube furnace 
mounted on an adjustable rack whereby the portion of the tube being heated was adjustable in a 
vertical sense. The inlet end of the tube contained 15 in. of Pro-Pak, which served as a preheat 
section. This was followed by a 4.5-in. section containing 112 g of Katalco 74-1 catalyst. Another 
4-in. section at the outlet end of the tube contained Pro-Pak. The catalyst was used as received and 
not ground to a finer size. Thermocouples were positioned at the very beginning of the catalyst 
bed and also 1 in. into the exit end of the catalyst bed. Support screens were placed at each end of 
the reactor. The ends of the tube were sealed with Swagelok compression fittings. The makeup H2 
and N2 gases as well as the blended H2 and N2 recycle gases were provided to the reactor by  
0.25-in.-o.d. tubing. The reactor was mounted in a vertical orientation so that the gas path was in 
a downward direction. The outlet was connected by 0.25-in. tubing to the inlet of the ammonia 
capture unit. Back-pressure regulators were installed following AR-101 and the ammonia capture 
device. Thereby, the pressure in AR-101 could be controlled at either regulator. 
 
 Ammonia Capture (HX-3) 
 
 The design of an effective ammonia capture device was one of the most challenging aspects 
of this program. It is known that the boiling point of ammonia is −27°F. It should be recalled that 
the boiling point is defined as the temperature at which the vapor pressure of a substance equals a 
pressure of 760 mm of mercury. Therefore, at −27°C, the vapor pressure of ammonia is equal  
to 760 mm of mercury. Referencing ammonia vapor pressure data, it was readily seen that the 
vapor pressure of ammonia at −40°F is equal to 538 mm of mercury, or 10.408 psi. Since ammonia 
is not the only gas present in the mixture, this figure of 10.408 will be a maximum partial pressure 
of the total pressure. If the total pressure in the ammonia capture device were set at 900 psi, the 
ammonia would amount to a maximum of 1.16% of the total recycle gas, whereas it was 20% of 
the gas (assuming design conversion were to be achieved).  
 
 Therefore, the ammonia capture system was designed with an operating temperature of  
−40°F and minimum operating pressure of 900 psig. A total of four systems were designed and 
constructed. Three were tested, with the third design being successful in achieving ammonia 
capture higher than design. 
 
 All designs incorporated a prechilling section, a chilled storage pot for containing liquid 
ammonia, and a disengagement section for return of unreacted H2 and N2 to the ammonia reactor.  
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The key challenges were to achieve successful prechilling, maintenance of −40°F in the chilled 
storage pot, and disengagement of the ammonia from the unreacted gas.  
 
 Recycle gases were supplied to a low-pressure surge tank via 0.25-in. tubing. 
 
 Hydrogen and Nitrogen Recycle and Makeup Gas System 
 
 The recycle system was integrated with the makeup gas system. That is, the recycle gas was 
stored in a high-pressure surge tank at operating pressures between 1200 and 1400 psig. To achieve 
this pressure, a compression stage was required following receipt of the gas from HX-3. Similarly, 
makeup nitrogen and hydrogen were stored in high-pressure surge tanks. The amount of each gas 
allowed to return to AR-101 was controlled by a mass flow controller (MFC). Makeup nitrogen 
flow was controlled by MFC-101. Makeup hydrogen flow was controlled by MFC-102. Recycle 
gas flow was controlled by MFC-103. Specifications for the MFCs are shown Table A-1. 
 
 

Table A-1. Specification for MFCs 
 MFC-101 (N2) MFC-102 (H2) MFC-103 (recycle) 
Maximum Pressure, psi 1470 1470 1470 
Maximum Flow Rate, slpm 0.60 2.0 8.0 
Maximum Turndown 50 50 50 
Minimum Flowrate, slpm 0.012 0.040 0.16 
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SUBTASK 1.2 – THE LEVULINATE BIOREFINERY 
 
 
INTRODUCTION 
 

More efficient means for conversions of agricultural, forest, and construction waste to fuels 
and chemicals are sought so that useful biomass-derived products can compete with and eventually 
replace petroleum-based products. Potential feedstocks for such biorefineries are lignocellulosic 
in nature. One particular resource of interest is timber damaged by beetles and other agents. Many 
future biorefinery concepts rely on conversion of lignocellulose to glucose and subsequent 
fermentation, but this processing requires expensive enzymes and long contact times or produces 
inhibitors for the fermentation and low-value by-products. The U.S. Department of Energy has 
identified a small number of potential intermediates obtainable from biomass resources. One of 
these intermediates, levulinic acid, has been studied at the EERC and other laboratories for a 
number of years. 
 

Three options have been used for producing levulinic acid or a levulinate ester from 
lignocellulose. An older one used a thermal treatment in water with a strong acid catalyst, such as 
sulfuric acid, to effect the depolymerization and dehydration of lignocellulose to produce the 
levulinic and formic acids. Fitzpatrick used a two-step process to perform this conversion 
(Fitzpatrick, 1997). Another method produces levulinate esters by heating furfuryl alcohol in an 
alcoholic acid. In the alcoholysis method (Garves, 1986), levulinate esters were obtained via 
catalytic processing of lignocellulose in ethanol or methanol.  
 

Currently, levulinic acid is produced at 1 million lb/yr, with a price of $4–$6/lb. Purification 
costs are high for the acid form. Purification costs are lower for the production of the ester forms, 
since they easily extract out and distill without decomposition, and most importantly, the impure 
initial products can be reacted to produce easily distilled fuels and chemicals. Purified levulinate 
esters are in demand for applications in novel polymers and plasticizers. Diesel fuels and additives 
can be produced via hydrotreating of less pure levulinate derivatives. Thus lower-cost product 
innovations resulting from the EERC process could significantly impact the market for fuels and 
chemicals based on this important intermediate. 
 

This project was directed to providing data to support an integrated process for production 
of liquid transportation fuel and fuel additive from lignocellulosic feedstocks via levulinate 
intermediates. The fuel will be suitable for use in diesel fuel or gasoline. 
 
 
GOALS AND OBJECTIVES 
 

The biorefinery for lignocellulosic resources is one that will decompose the lignocellulose 
feedstock in an acid-catalyzed process, producing levulinate, which is further converted to 
chemicals and fuels. In a simple embodiment, waste cellulose or biomass is depolymerized and 
converted to a levulinate ester and subsequently extracted by methyltetrahydrofuran (MeTHF). 
The ester is purified for chemical usage. Alternatively, levulinic acid or ethyl levulinate is reacted 
with an inexpensive coreactant derived from biomass to form a condensation product with a longer 
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chain and mildly hydrotreated to form MeTHF from the unreacted levulinate present and larger 
cyclic ethers from the condensation products. Distillation of the hydrogenation products yields 
cuts that are suitable as gasoline-blending agents, solvents, and high-cetane diesel additives. 
Severe hydrotreating produces alkanes suitable for jet fuels (Figure 1.2-1). 
 

Specific project objectives include the following: 
 

• Acid and solid acid-catalyzed decomposition of a solubilized cellulose derivative to 
levulinate derivatives for fuel and chemical intermediates. 

 
• Condensation of levulinate with appropriate coreactants to give products valuable for 

fuels and chemicals. 
 

• Hydrogenation of crude ethyl levulinate derivatives to alkylTHF, which is intended for a 
diesel blend. 

 
 
 
 

 
 

Figure 1.2-1. Simple integrated C-5 biorefinery scheme for lignocellulose conversion to fuels 
and chemicals.  
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EXPERIMENTAL 
 

Decomposition of Biomass Intermediates 
 

Reactions of Municipal Solid Waste (MSW) Cellulose – Ethanol 
 
 A dry cellulosic fiber was obtained from an MSW predigester process (provided by 
Tempico). The process was claimed to be effective in removing hemicellulose and lignin and 
removing some of the crystallinity of the cellulose. Reactions of the Tempico fiber (20 g) were 
conducted with ethanol and sulfuric acid in a 300-mL Parr reactor at about 200°C. A small amount 
of product gas was released after cooling and prior to opening the reactor. Analysis of the product 
by gas chromatography (GC) indicated a large production of ethyl levulinate (40%), with a small 
amount of furfural (as expected for a low hemicellulose content). Removal of the char (6.7 g) by 
filtration and ethanol solvent by distillation gave a residual comprising ethyl levulinate and water 
and sulfuric acid. The ethyl levulinate (9 g) was separated by adding 2-MeTHF, which dissolved 
the ethyl levulinate, leaving aqueous sulfuric acid (3 mL). It is likely that the char contained a 
small amount of the sulfate, but it was not analyzed. The recovery of ethyl levulinate on a weight 
basis was 45%. 
 

Reactions of MSW Cellulose – Aqueous 
 
 A reaction similar to that with ethanol was conducted in aqueous sulfuric acid in the Parr 
reactor at 200°C. Again, a small residual gas was observed. The char yield was 7.0 g. Levulinic 
acid yield as determined by high-performance liquid chromatography (HPLC) analysis was  
15 wt%. 
 

Reaction of Shredded Paper – Aqueous 
 
 A similar reaction with paper from a shredder was conducted in aqueous sulfuric acid in the 
Parr reactor at about 200°C. Again, a small residual gas was observed. The char yield was 6.7 g. 
Levulinic acid yield as determined by HPLC analysis was 28 wt%. 
 

Reaction of Pineapple Waste – Aqueous 
 

A sample of waste (rotten) pineapple was obtained and separated into a liquid and a wet, 
mushy material. The mushy portion (85 g) was heated in aqueous sulfuric acid (79 mL) in the Parr 
reactor at about 200°C. The char product was removed (2.3 g). HPLC analysis of the liquid product 
indicated a yield of 13 wt% on a wet basis. It is likely that the mushy material included a mixture 
of sucrose and pectin. It is unlikely that the pectin converted to levulinic acid; therefore, most of 
the levulinic acid was derived from the sucrose present, rather than a polysaccharide, since there 
is not much cellulose or starch. 
 

Reaction of Ethyl Cellulose – Aqueous 
 

Reactions of ethyl cellulose (16 g) were conducted with water and sulfuric acid. The ethyl 
cellulose formed a slurry that was run in a 300-mL Parr reactor at 200°C. The char product was 
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separated (2.8 g). HPLC determination of the levulinic acid gave 7 wt% yield. The GC analysis 
indicated that ethyl levulinate was a major product (13%), accompanied by several unknown 
components in smaller amounts. 
 

Reaction of Ethyl Cellulose – Ethanol 
 
 Ethyl cellulose was also reacted in an ethanol slurry in the Parr reactor at 185°C. The char 
product yield was similar (2.9 g). The GC analysis indicated 20 wt% yield of ethyl levulinate. 
 

Condensation Reactions of Levulinate Intermediates 
 

Reactions of Furfural with Ethyl Levulinate 
 
 The condensation of furfural was investigated with ethyl levulinate to form the furfuryl-
substituted levulinates. Since furfural lacks alpha-hydrogens, it does not undergo a self-aldol 
condensation. It is also a by-product of the thermocatalytic reaction or produced independently 
from C5 sugars. Batch reactions were conducted in a 15-mL glass pressure tube (magnetic stirring) 
with a variety of catalysts at various temperatures. The pressure due to solvent vapor pressure was 
not determined. The results of these tests are shown in Table 1.2-1 for basic catalysts and  
Table 1.2-2 for acid catalysts. Reactions were also performed in a 300-mL Parr autoclave with 
larger amounts of reagents. Results from these larger-scale batch reactions are reported in 
Table 1.2-3. 
 
 In Tables 1.2-1 and 1.2-2, approximately 10 wt% of the catalyst was used, based on the total 
weight of the levulinate, exclusive of solvent, except that in Tables 1.2-1 and 1.2-2, about 0.5 g of 
Amberlite-15H+ and about 1 drop of H2SO4 (concentrated) were used. In Table 1.2-3, about  
8–10 g of hydrotalcite (HT) catalyst, about 10 g of Amberlite-15H+, and about 1 mL of H2SO4 
(concentrated) were used. In Tables 1.2-1–1.2-3, sodium hydride was used as a 50% dispersion on 
mineral oil. Sodium ethoxide was a solution in ethanol. NaOH was used as pellets. MgO was used 
as a fluffy white powder. The HT catalysts were obtained from a commercial vendor. HT-as rec 
indicates that the HT was used as-received. HT-cal550 or HT-ca550 indicates that the HT was 
calcined at about 550°C prior to use. HT-cal450 or HT-ca450 indicates that the HT was calcined 
at about 450°C prior to use. phthHT-cal550 indicates HT was prepared using phthalic acid and 
calcined at 550°C to remove the phthalate salt. 
 
 For the catalysts employed, β- (or branched) and δ- (or unbranched) isomers were obtained, 
as well as products with two furfuryl groups. For ethyl levulinate with a basic catalyst, initial β- or 
δ-condensation products containing an alcohol or alkoxy group can dehydrate to the unsaturated 
ester or can cyclize and displace the ethoxy group from the ester to produce a lactone (as in the 
Stobbe condensation). Ethanol is detected as a major component in the product mixture. The 
lactone can also open in the basic conditions to produce a carboxylic acid. The acids are largely 
undetected in GC analysis owing to decomposition in the GC inlet. Condensation of two furfural 
units with one ethyl levulinate produces the β-, δ-difuryl ester. 
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Table 1.2-1. Reactions of Levulinic Acid or Esters Thereof with Basic Catalysts (small 
pressure tube reactor) 
 
Reactant 

 
Coreactant 

 
Catalyst 

Temp., 
°C 

Time, 
hr 

 
Solvent 

Conversion of 
Eth. Lev., % 

Ethyl Levulinate Furfural NaH 25 12 MeTHF 67 
Ethyl Levulinate Furfural NaH 60 4 MeTHF 88 
Ethyl Levulinate Furfural NaOH 25 24 Ethanol 100 
Ethyl Levulinate Furfural MgO 60 3 None 0 
Ethyl Levulinate Furfural MgO 85 3 None 0 
Ethyl Levulinate Furfural HT-as rec 60 3 None 0 
Ethyl Levulinate Furfural HT-as rec 85 3 None 5 
Ethyl Levulinate Furfural HT-cal550 70 3 None 2 
Ethyl Levulinate Furfural HT-cal550 125 3 None 10 
Ethyl Levulinate Furfural phthHT-cal550 125 3 None 10 
Ethyl Levulinate Furfural HT-cal550 150 12 Diglyme 33 
Ethyl Levulinate Furfural phthHT-cal550 150 12 Diglyme 60 
Ethyl Levulinate  NaOH 60 2 Ethanol 0 
Ethyl Levulinate Butyraldehyde NaOH 25 2 Ethanol 0 
Ethyl Levulinate Butyraldehyde NaOH 60 2 Ethanol 0 
Ethyl Levulinate Isobutyraldehyde NaOH 25 2 Ethanol 60 
Ethyl Levulinate Valerolactone NaOEt 25 12 Ethanol 2 
Ethyl Levulinate Me methacrylate NaOEt 60 3 Ethanol 2 
Ethyl Levulinate Nitromethane NaOEt 60 3 Ethanol 0 
Ethyl Levulinate Nitromethane NaOEt 150 3 Ethanol 0 
Ethyl Levulinate Acrolein NaH 60 3 Diglyme 0 
Ethyl Levulinate Acrolein NaOH 60 3 Ethanol 0 
Levulinic Acid Furfural NaOH 60 1 Ethanol 0 
Levulinic Acid Butyraldehyde NaOH 60 1 Ethanol 0 
Levulinic Acid Isobutyraldehyde NaOH 60 24 Ethanol 44 

 
 

Reactions of Ethyl Levulinate and Furfural with Liquid Base Catalysts 
 
 Small-scale reactions of ethyl levulinate with furfural in molar excess and liquid bases (e.g., 
dissolved bases) (NaH and NaOH) in solvents gave high conversions of the levulinate to 
condensation products (Table 1.2-1). The products are mixtures including the monoadducts and 
diadducts, and much of the product was hydrolyzed as in the Stobbe condensation. Some furfural 
remained in the products, but the ethyl levulinate was converted in the NaOH-catalyzed reaction. 
 
 A larger-scale reaction with NaOH with no solvent also gave a high conversion to products 
(Table 1.2-3). These results are consistent with those reported in the literature for reactions of ethyl 
levulinate with aromatic aldehydes. 
 

Reactions of Ethyl Levulinate and Furfural with Liquid Acid Catalysts 
 

Small-scale reactions of ethyl levulinate and furfural gave generally poor conversions in 
liquid acid systems (H2SO4 and PTSA [para-toluenesulfonic acid) (Table 1.2-2), although the neat 
reaction in H2SO4 formed a tarry polymer owing to overheating. The self-condensation of ethyl 
levulinate in H2SO4 (no furfural) gave a poor yield of the condensation products. 
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Table 1.2-2. Reactions of Levulinic Acid or Esters Thereof with Acid Catalysts (small 
pressure tube reactor) 
 
Reactant 

 
Coreactant 

 
Catalyst 

Temp., 
°C 

Time, 
hr 

 
Solvent 

Conversion, 
% 

Ethyl Levulinate Furfural Amberlite-15H+ 70 3 None 0 
Ethyl Levulinate Furfural Amberlite-15H+ 100 3 None 100* 
Ethyl Levulinate Furfural Amberlite-15H+ 60 3 None 0 
Ethyl Levulinate Furfural Amberlite-15H+ 60 2 MeTHF 0 
Ethyl Levulinate Furfural Amberlite-15H+ 95 2 MeTHF 24 
Ethyl Levulinate Furfural PTSA 60 2 MeTHF 0 
Ethyl Levulinate Furfural PTSA 95 2 MeTHF 30 
Ethyl Levulinate Furfural PTSA 60 2 MeTHF 0 
Ethyl Levulinate Furfural PTSA 60 2 MeTHF 0 
Ethyl Levulinate Furfural H2SO4 25 1 None 100 
Ethyl Levulinate Furfural H2SO4 25 12 Ethanol 0 
Ethyl Levulinate Furfural H2SO4 60 12 Ethanol 0 
Ethyl Levulinate Acetaldehyde H2SO4 25 1 Ethanol 0 
Ethyl Levulinate Butyraldehyde H2SO4 25 2 None 0 
Ethyl Levulinate Butyraldehyde H2SO4 60 1 None 0 
Ethyl Levulinate Isobutyraldehyde H2SO4 25 1 None 63 
Levulinic Acid Furfural Amberlite-15H+ 60 2 None 75 
Levulinic Acid Furfural Amberlite-15H+ 100 4 None 81 
Levulinic Acid Furfural Amberlite-15H+ 50 1 MeTHF 30 
Levulinic Acid Furfural PTSA 60 4 Diglyme 68 
Levulinic Acid Furfural PTSA 150 5 Diglyme 72 
Levulinic Acid Acetaldehyde H2SO4 25 24 Ethanol 0 
Levulinic Acid Isobutyraldehyde H2SO4 60 24 Ethanol 73 

* Carbonized, no products. 
 
 

Reactions of Ethyl Levulinate and Furfural with Solid Base Catalysts 
 
 Small-scale reactions of ethyl levulinate with furfural using a solid MgO catalyst gave no 
conversion of the ethyl levulinate at low temperatures (Table 1.2-1). A commercial hydrotalcite 
catalyst gave poor conversions at low temperature. A pillared hydrotalcite prepared using phthalate 
also gave poor conversions. Calcining the hydrotalcite did not improve the conversion. However, 
increasing the temperature to 150°C improved the conversion by a major amount. 
 
 Several reactions of ethyl levulinate were then conducted in larger amounts in the Parr 
reactor, with the commercial hydrotalcite catalyst calcined at 450°C (Table 1.2-3). With no 
solvent, the reaction overheated, and a solid tarry product resulted. Reactions conducted at 135° to 
150°C in either MeTHF or diglyme resulted in 70% to 74% conversions of the ethyl levulinate. 
The catalyst was reused in one run with no ill effect. 
 

Condensation of Ethyl Levulinate and Furfural in a Flow-Through Reactor 
 
 A granular catalyst was prepared from HT (Mg:Al = 2:1) by calcining the HT at 450°C for 
3 hr. The calcined HT was mixed with 20 wt% clay–molasses binder and dried in an oven at 110°C.  
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Table 1.2-3. Reactions of Levulinic Acid or Esters Thereof (300-mL Parr reactor) 
 
Reactant 

 
Coreactant 

 
Catalyst 

Temp., 
°C 

Time, 
hr 

 
Solvent 

Conversion, 
% 

Ethyl Levulinate Furfural HT-cal.550 150 12 None 1001 
Ethyl Levulinate Furfural HT-cal 550 150 12 Diglyme 74 
Ethyl Levulinate Furfural HT-cal550 125 12 MeTHF 30 
None Furfural HT-cal550 150 12 Diglyme 4 
Ethyl Levulinate Furfural HT-cal450 150 4 MeTHF 73 
Ethyl Levulinate Furfural Amberlite 15 H+ 120 4 MeTHF 1001 
Ethyl Levulinate Furfural HT-ca450 125 14 MeTHF 72 
Ethyl Levulinate Furfural HT-ca4502 135 4 MeTHF 70 
EthylLevulinate3 Furfural3 HT-ca450 135 14 MeTHF 70 
Ethyl Levulinate  H2SO4 60 4 None 5 
Ethyl Levulinate Isobutyraldehyde HT-cal550 150 12 Diglyme 74 
Ethyl Levulinate Isobutyraldehyde NaOH 60 4 None 29 
Ethyl Levulinate Isobutyraldehyde H2SO4 25 4 None 61 
Ethyl Levulinate Isobutyraldehyde H2SO4 60 4 None 26 
 Isobutyraldehyde H2SO4 60 2 None NA 
Ethyl Levulinate Valerolactone HT-cal550 150 12 MeTHF 0 
Ethyl Levulinate Me methacrylate HT-cal550 150 4 MeTHF 0 
Ethyl Levulinate Acrolein HT-cal450 150 6 MeTHF 2 
Levulinic Acid Isobutyraldehyde NaOH 60 4 None 90 
Levulinic Acid Isobutyraldehyde H2SO4 60 4 None 30 
1 Heavy tar product. 
2 Used. 
3 Double batch. 

 
 
A bed of the granules (size 1–2 mm) was prepared in a tube reactor from 50 g of hydrotalcite, and 
the tube was heated in a tube oven at 160°C. A solution of 1 mole of ethyl levulinate plus 1 mole 
of furfural in 100 mL of MeTHF was pumped through the reactor. The conditions included a liquid 
feed flow rate of about 0.5 mL/min, a temperature of about 160°C, a pressure of about 500 psi, 
and 19 g hydrotalcite catalyst. 
 
 The product was collected and analyzed by GC–mass spectroscopy (MS). The product 
included the monoadduct and diadduct esters, monadduct and diadduct carboxylic acids, and the 
corresponding lactones as well as unreacted starting materials and ethanol from hydrolysis of the 
esters. 
 

Reactions of Ethyl Levulinate with Furfural with Solid Acid Catalysts 
 
 Small-scale reactions of ethyl levulinate with furfural and Amberlite 15 (H+ form) at 60°–
70°C (with or without solvent) gave no conversion (Table 1.2-2). However, at 100°C and no 
solvent, the reaction gave a viscous, tarry product. In MeTHF, a small conversion was observed at 
95°C. 
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Reactions of Ethyl Levulinate with Other Aldehydes or Coreactants 
 
 Several other aldehydes were investigated as coreactants with ethyl levulinate. The most 
successful reactions were with isobutyraldehyde, since self-condensation was minized with this 
reagent. 
 

Reactions with Base Catalysts 
 
 Isobutyraldehyde was condensed with ethyl levulinate in the small-scale reactor. Using 
NaOH in ethanol solvent, a 60% conversion of the levulinate ester was obtained (Table 1.2-1). As 
with the furfural, a variety of products were obtained. In contrast, butyraldehyde resulted in no 
conversion of levulinate, only self-condensation. Very little reaction was obtained for 
valerolactone, methyl methacrylate, nitromethane, and acrolein (Table 1.2-1). 
 

Several base-catalyzed reactions were conducted with larger amounts of isobutyraldehyde 
and ethyl levulinate with base catalysts in the Parr reactor (Table 1.2-3). Reactions of 
isobutyraldehyde and ethyl levulinate with NaOH at 60°C gave 29% conversion of ethyl 
levulinate. With the commercial hydrotalcite calcined at 450°C, the reaction of isobutyraldehyde 
in diglyme at 150°C gave 74% conversion. 
 

Valerolactone, methyl methacrylate, nitromethane, and acrolein were reacted with ethyl 
levulinate and a liquid base catalyst at lower temperatures (Table 1.2-1). No conversions were 
obtained. Valerolactone, methyl methacrylate, and acrolein were reacted with ethyl levulinate 
using hydrotalcite catalyst at 150°C in the Parr reactor (Table 1.2-3). No conversions were 
obtained. 
 

Reactions with Acid Catalysts  
 

Acid-catalyzed reactions of aldehydes were performed with several aldehydes. The reactions 
of ethyl levulinate with acetaldehyde and butyraldehyde in H2SO4 (Table 1.2-2) gave no 
conversion of the ethyl levulinate owing to rapid self-condensation of the aldehydes. In contrast, 
isobutyraldehyde gave a 63% conversion of ethyl levulinate with H2SO4 at 25°C. 
 

The larger-scale reaction of isobutyraldehyde in the Parr reactor (Table 1.2-3) gave a 61% 
conversion of ethyl levulinate at 25°C. However, at 60°C, the reaction gave a 26% conversion. 
 

Reactions of Levulinic Acid with Aldehydes 
 

Levulinic acid can condense with aldehydes in acid or base conditions to give products 
similar to those obtained with ethyl levulinate. Some of these reactions were investigated in this 
project to determine whether feasible routes to higher-molecular-weight fuel additives can be 
found. 
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Reactions with Base Catalysts 
 

The reaction of levulinic acid with furfural in NaOH in ethanol at 60°C did not result in any 
product (Table 1.2-1), nor did the reaction of levulinic acid with butyraldehyde in NaOH. 
However, the small-scale reaction of isobutyaldehyde in ethanolic NaOH resulted in 44% 
conversion of the levulinic acid. The reaction in the Parr reactor gave a 90% conversion of the 
levulinic acid. 
 

Reactions with Acid Catalysts 
 

Levulinic acid was reacted with furfural in several acid catalysts. The reactions with a liquid 
system, PTSA in diglyme, gave good conversions of levulinic acid (Table 1.2-2). Reactions with 
a solid acid catalyst, Amberlite 15 (H+ form), also gave high conversions of levulinic acid, 
although the conversion decreased in solvent. 
 

Reactions of levulinic acid with isobutyraldehyde in ethanolic H2SO4 gave a good 
conversion of the levulinic acid (Table 1.2-2), but acetaldehyde self-condensed. The reaction of 
larger amounts of isobutyraldehyde and levulinic acid in the Parr reactor without a solvent gave a 
lower conversion (30%). Isobutyraldehyde undergoes some self-condensation in strong acid, 
especially without a solvent present, which explains the lower conversion of levulinic acid. 
 

Solid Catalyst Optimization 
 

Although the hydrotalcite catalysts were successful for ethyl levulinate condensation, further 
work was needed to optimize the reaction yields for aldol condensation of ethyl levulinate and 
furfural by developing various modifications of the hydrotalcite catalyst. Specifically, a series of 
hydrotalcite catalysts with varying composition were synthesized and characterized with respect 
to basic properties, and tests were performed to evaluate the catalytic activity of the hydrotalcite 
series. 
 

In an effort to optimize the solid base composition, a number of solid base catalysts were 
prepared where the hydrotalcite composition and the method of preparation were changed. Twenty 
different calcined hydrotalcites were synthesized in amounts of 10 to 20 g in mesh size and 0.5–
1.5 g in powder. The ratio of the Mg to Al was varied in several catalysts, additional elements (Sn, 
Zr, Ni, La) were added, a different base (urea) was added, pillaring organic acids (citric acid, 
EDTA) were added, and shear mixing was employed. Calcination temperature, aging time and 
temperature, and composition of hydrotalcites were varied in different samples. One sample was 
rehydrated. 
 

Samples were synthesized according to the following scheme: 
 

1. Preparation of initial solutions: 2M NaOH/0.5M Na2CO3 and 2M (Mg + Al + other 
metals) salts solutions 

2. Addition of the solutions (dropwise) for 1–2 hr under vigorous stirring 
3. Overnight aging at 60°–70°C for 16 hr 
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4. Filtration and washing with deionized H2O until the pH is 7 
5. Drying at 110°C for 16 hr 
6. Calcination at 500°C for 4 hr 
7. Division of the resulting solid into powder and mesh-sized part 
8. Sealing of the mesh part under N2 

 
Mg was added as Mg(NO3)2, and Al was added as Al(NO3)3. Some of the samples were 

prepared in slightly different ways: some steps of the above scheme were changed, eliminated, or 
prolonged. Table 1.2-4 shows the synthesized samples and the conditions of the synthesis. “US 
mixing” indicates ultrasound mixing. 
 

Characterization 
 

One of the most important parameters of the catalysts that affect the catalytic activity is the 
basicity of the catalyst. In order to characterize the different samples’ basicity, Hammet indicator 
tests were run. All indicator solutions were prepared by dissolving the powdered compounds in 
methanol to form a 0.02M solution. Table 1.2-5 gives the pH characteristics of each indicator. 
 

Every test was run in a test bottle: 1 mL of indicator solution was added to 9 mL of methanol 
and 20–50 mg of powdered HT. Results of the test are presented in Table 1.2-6. One sample 
(HT30-450) was rehydrated by pumping N2 saturated with H2O through the compound. It was then 
used to see the difference in basicity of the usual and rehydrated HT. 
 

The Hammet indicator results show that most HTs have basic strength between 12.7 and 15, 
which is consistent with literature information. Some samples were found to have low or no 
basicity; one sample synthesized using shear mixing showed basicity higher than 15. 
 

The rehydrated sample showed lower basicity than the initial HT, which can be explained 
by the conversion of O2 basic sites into weaker OH basic sites. 
 

Catalytic Activity Tests and Results 
 

Two types of tests were used to determine catalytic activities of the synthesized catalysts. 
 

Series 1: Batch Reaction 
 
1. HT powder was placed into a pressure tube with a Teflon screw cap. 
 
2. Approximately 5 mL of reagent solution was added, and the mass of all samples was always 

close to 0.5 g. 
 
3. The system was heated either in an oil bath or in an electric heating mantle for 4 hr. 
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Table 1.2-4. Catalysts Prepared 
Name Composition Concentrations Aging Drying Mass, g Calcination Mass, g 
HT30-450 Mg/Al = 3/1 NaOH – 3.5M; (Mg + Al) − 2M 6 hr, 75°C 16 hr, 110°C 25 4 hr, 450°C 13.8 
HT30-500 24 4 hr, 500°C 13.9 
HT30-550 25.2 4 hr, 550°C 14.04  
HT30-US US mixing 16 hr, 110°C 24.52 4 hr, 500°C 13.65 
HT35 Mg/Al = 3.5/1 NaOH − 2M; (Mg + Al) − 2M 16 hr, 75°C 16 hr, 110°C 22 4 hr, 500°C 14.11 
HT25 Mg/Al = 2.5/1 NaOH − 2M; (Mg + Al) − 2M 16 hr, 75°C 16 hr, 110°C 23.7 4 hr, 500°C 14.12 
HT30-Sn Mg/Al/Sn = 3/1/0.1 NaOH − 2M; (Mg + Al + Sn) − 2M 16 hr, 80°C 16 hr, 110°C 23.2 4 hr, 500°C 13.44 
HT30-CA Mg/Al = 3/1; Na3C6H5O7 used NaOH − 2M; Na3C6H5O7 − 0.2M;  

(Mg + Al) − 2M 
16 hr, 90°C 16 hr, 110°C 31.2 4 hr, 500°C 17.6 

HT30-
EDTA 

Mg/Al = 3/1; Na2H2(EDTA) used NaOH − 2M; Na2H2(EDTA) − 
0.15M; (Mg + Al) − 2M 

16 hr, 60°C 18 hr, 110°C 34.7 4 h, 500°C 21.1 

HT30-U Mg/Al = 3/1; urea used, no base (Mg+Al) = 0.15M;  
(Mg+Al)/urea = 4; 90°C, 20 hr 

None 114 hr (5 days), 
110°C 

37.54 4 hr, 500°C 6 

18 hr, 110°C 
HT30-Sh Mg/Al = 3/1 NaOH − 2M; (Mg + Al) − 2M;  

shear mixing 
16 hr, 50°C 16 hr, 110°C 17.1 4 hr, 500°C 9.91 

HT40-Zr Mg/Al = 4/1; 0.25 Zr4+ used NaOH − 2M; (Mg + Al + Zr) − 2M 16 hr, 65°C 16 hr, 110°C 18.34 4 hr, 500°C 11.63 
HT26-Ni Mg/Al = 2.6/1; 0.4 Ni2+ used; 

(Mg+Ni)/Al = 3/1 
NaOH − 2M; (Mg + Al + Ni) − 2M 16 hr, 65°C 16 hr, 110°C 22.3 4 hr, 500°C 13.4 

HT40-Sn Mg/Al = 4/1; 0.25 Sn4+ used;  
Mg/(Sn + Al) = 3/1 

NaOH − 2M; (Mg + Al + Sn) − 2M 16 hr, 65°C 16 hr, 110°C 22 4 hr, 500°C 13.92 

HT31-Sn2 Mg/Al = 3.1/1; 0.25 Sn2+ used;  
(Mg + Sn2)/(Al + Sn3)= 3/1 

NaOH − 2M; (Mg + Al + Sn) − 2M 16 hr, 65°C 16 hr, 110°C  
(small bowl) 

23.9 4 hr, 500°C 11.93 

HT40-Ti Mg/Al = 4/1; 0.25 Ti4+ used;  
Mg/(Ti + Al) = 3/1 

NaOH − 2M; (Mg + Al + Ti) − 2M 16 hr, 65°C 16 hr, 110°C 24.04 4 hr, 500°C 13.96 

HT30-HA Mg/Al = 3/1; humic acid sodium  
salt used, no sodium carbonate 

NaOH − 2M; (Mg + Al) − 2M 16 hr, 65°C 16 hr, 110°C 33.59 4 hr, 500°C 20.17 

HT40-La Mg/Al = 4/1; 0.25 La3+ used;  
Mg/(Al + La) = 3/1 

NaOH − 2M; (Mg + Al + La) − 2M 16 hr, 65°C 16 hr, 110°c 23.75 4 hr, 500°C 13.94 

HT30-2Sh Mg/Al = 3/1 NaOH − 2M; (Mg + Al) − 2M; 
shear mixing 

No aging 16 hr, 110°C 24 4 hr, 500°C 14.23 
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Table 1.2-5. Indicator Test pH Characteristics 
Name pH Range of Color Change Symbol 
Phenolphthalein >10 Ph 
Thymolphthalein >10.5 Th 
Tropaeolin O >12.7 Tr 
Dinitroaniline >15 D 

 
 

Table 1.2-6. Hammett Basicity Results 
Sample pH Th Tr D 
HT30-US-500 + + + – 
HT26-Ni-500 + + + – 
HT30-550 + + + – 
HT40-Sn-500 + + + – 
HT30-Sn-500 + + + – 
HT30-HA-500 + ? + – 
HT40-La-500 + + + – 
HT30-Sh-500 + + + + 
HT25-500 + –+1 – – 
HT35-500 + + + – 
HT30-500 + + + – 
HT40-Ti-500 + + + – 
HT30-CA-500 + + + – 
HT40-Zr-500 + + + – 
HT31-Sn(2)-500 + + + – 
HT30-Edta-500 + + + – 
HT30-450 + + + – 
HT30-U-500 ND2 +–3 +- ND 
HT30-450 (rehydrated) ND –+1 – ND 
1 Almost no color change. 
2 Not determined. 
3 Some color change but much less than with other samples. 

 
 

Series 2: Continuous Reactor Reaction 
 
1. 18–30-mesh-sized granules of a catalyst (10 g) were placed into a metal tube. 
 
2. The tube with the loading was placed into a tube furnace. 
 
3. The reagent solution was pumped through the tube at a constant speed of 1 mL/min but at 

increasing temperatures. 
 
4. Effluent liquid product was collected and analyzed. 
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All collected solution samples were tested on a GC. For all the samples collected during 
continuous reactor reactions, diethyl ether was used as a diluent solvent for GC. MeTHF was used 
for the samples from the batch reactions. 
 

Results for Batch Reaction Tests 
 

Tables 1.2-7 and 1.2-8 show the conversion results and the conditions of the batch reactions 
(Series 1). For starting materials, about 0.64 g of furfural and about 0.96 g ethyl levulinate were 
used. HT-sh indicates hydrotalcite that was prepared using shear mixing (blender). Good 
conversions of ethyl levulinate were obtained for several of the catalysts. The HT30-500 catalyst 
gave a 66% conversion of the levulinate in 4 hr at 165°C. The similar composition prepared with 
citrate addition was also fairly reactive. Some catalysts with other elements added had little or no 
activity. It is likely these may have increased acidic sites, but at the expense of losing basic sites. 
 

Results for Continuous Reactor Tests 
 

Three of the solid base catalysts were tested in a bed configuration in a continuous tube 
reactor with a mixture of ethyl levulinate and furfural in diglyme pumped through the tube at 
1 mL/min. 
 

HT30-500 Test 
 

A bed was prepared with the 10 g of HT30-500 catalyst. The reaction temperature started at 
60°C and was increased to 160°C over a period of about 6 hr. The HT30-500 catalyst gave no 
conversion below 150°C, but at 160°C, 47% of the ethyl levulinate was reacted. More of the 
furfural reacted, owing to reaction of two furfurals with one levulinate. This is consistent with the 
results from the batch tests performed with this catalyst. 
 

HT35-500 Test 
 

A similar experiment was performed with a bed of the HT35-500 with Mg/Al = 3.5. This 
test showed no reaction below 160°C and gave about 30% conversion of ethyl levulinate at 160°C. 
The higher Mg/Al ratio was intended to produce greater basicity. However, these results with the 
catalysts with the larger amount of magnesium and the earlier results with the commercial catalyst 
(Mg/Al = 2) show that optimum conversions are obtained with a catalyst composition with lower 
Mg/Al ratios. 
 

HT40-SN500 
 
 The HT with added Sn gave no reaction up to 180°C. After 1 hr at 180°C, the reaction was 
discontinued. 
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Table 1.2-7. Conditions and Conversions for Batch Reactions 

Sample Solvent Mass 
Time, 

hr 
Average 

Temp., °C 
Highest, 

°C A,1 F2 A, DG3 A, EL4 M,5 F M, EL 
HT30-500-p Ether 0.5 3 130 140 205 206 180 0.69 0.74 
HT30-450 US Ether 0.5 1 Not controlled 1273 1365 1737 0.65 1.08 
HT30-450 Ether 0.5 3 130 140 55 108 117 0.35 0.92 
HT30-450 MeTHF 0.5 19 140 150 60 1669 659 0.02 0.34 
HT30-450 MeTHF 0.5 4 145 160 108 159 114 0.43 0.62 
HT30-500 MeTHF 0.5 4 165 180 29 437 170 0.04 0.34 
HT30-500 MeTHF 0.5 4 150 160 168 446 276 0.24 0.54 
HT30-CA MeTHF 0.5 4 155 165 77 310 208 0.16 0.58 
HT30-Sn MeTHF 0.52 4 150 155 1443 1585 1656 0.58 0.91 
HT26-Ni MeTHF 0.44 4 155 180 125 137 146 0.58 0.93 
HT40-Zr MeTHF 0.51 4 153 158 271 283 285 0.61 0.88 
HT31-Sn(2) MeTHF 0.51 4 150 155 359 361 334 0.64 0.80 
HT30-Sh MeTHF 0.5 4 155 190 163 213 242 0.49 0.99 
HT40-La MeTHF 0.5 4 150 165 168 168 200 0.64 1.04 
HT30-450 MeTHF 0.49 4 150 155 452 445 416 0.65 0.81 

1 Area under the peak from GC analyzer. Retention time in this table corresponds to the retention time of the material in the instrument.  
2 Furfural (F). 
3 Diglyme solvent (DG). 
4 Ethyl levulinate (EL). 
5 Amount (mass) remaining.  
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Table 1.2-8. Conditions and Conversions for HT Batch Reactions  
(~0.5 g catalyst/5 mL reagents) 

Sample Solvent Time, hr Temp., °C 
Conversion 

(F), % 
Conversion 

(EL), % 
HT30-500-p 
HT30-450 US 

Ether 
Ether 

3 
1 

130 
– 

0 
0 

23 
0 

HT30-450 Ether 3 130 45 4 
HT30-450 MeTHF 19 140 97 65 
HT30-450 MeTHF 4 145 33 35 
HT30-500 MeTHF 4 165 94 65 
HT30-500 MeTHF 4 150 63 44 
HT30-CA MeTHF 4 155 75 40 
    67 18 
    69 35 
HT30-Sn MeTHF 4 150 9 5 
    9 10 
HT26-Ni MeTHF 4 155 9 3 
    5 15 
HT40-Zr MeTHF 4 153 5 8 
    3 8 
HT31-Sn(2) MeTHF 4 150 0 17 
    0 0 
HT30-Sh MeTHF 4 155 23 0 
    23 0 
HT40-La MeTHF 4 150 0 0 
    3 0 
HT30-450 MeTHF 4 150 0 16 

 
 

Analysis of Condensation Products 
 

The results of analysis of a typical condensation product sample are given in Table 1.2-9 as 
determined by GC–MS and retention times. The components include the original ethyl levulinate 
ester, some levulinic acid, ethanol, the two isomers of the monocondensation product, the 
biscondensation product, several thermal decomposition products of the condensation products 
believed to be produced as an artifact in the GC–MS inlet during the analysis, and the solvent 
MeTHF. The sample likely contained a considerable amount of acidic condensation products as 
described above, which decompose in the GC inlet to give the decomposition products listed in 
the analysis (Table 1.2-9), as well as others that did not show up in the analysis. 
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Table 1.2-9. Starting Composition for Hydrotreating at Pacific Northwest National 
Laboratory (PNNL) 
Peak Ret. Time, hr m/e* Name 
1 4.43 86 2-methylTHF 
2 4.78 102 n-propyl acetate? unknown ester 
3 7.36  Unknown decomp. prod. 
4 7.47 150 4-furfuryl-4-penten-2-one? unknown decomp. prod. 
5 8.12 116 Levulinic acid 
6 8.32 144 Ethyl levulinate 
7 12.8 222 Ethyl 3-furfurylidene-4-oxo-pentanoate (monocond. prod.) 
8 13.5 222 Ethyl 6-furfuryl-4-oxo-5-hexenoate (monocond. prod.) 
9 13.6 216 1,5-difurfuryl-1-penten-3-one (decomp. prod.) 
10 16.74 300 Ethyl 3-fufurylidene-6-furfuryl–4-oxo-5-hexenoate 

(biscond. prod.) 
* Mass-to-change ratio. 

 
 

Hydrotreatment of Condensation Products 
 

Catalytic Hydrogenation 
 

In the levulinate biorefinery art, catalytic hydrogenation is performed on the ketoacid and 
ketoester intermediates mixture produced in the condensation unit. These oxygen functional 
groups are reduced along with unsaturation, resulting in the formation of the mixtures of paraffins, 
isoparaffins, cycloparaffins, and alkylaromatics. Under milder conditions, a tetrahydrofuran ring 
forms, and the existing furan ring is reduced to a tetrahydrofuran. The substituted tetrahydrofurans 
are utilized as a high-cetane diesel fuel additive. 
 

Hydrotreating examples utilized a composite of several of the batch reactor products 
produced in the condensation examples. Products were analyzed by GC to determine conversions 
of the feed and by GC–MS to elucidate the structures of the product components. In the first series 
of tests conducted in a multiparallel microflow reactor block with a variety of catalysts at 200°C 
(Table 1.2-10), most of the catalysts gave good conversions of the condensate product components 
as well as the ethyl levulinate remaining in the feed. Conversion data for the hydrotreating runs 
are shown in Figure 1.2-2. 
 

A sample of the hydrotreated products was shipped back to the EERC to determine the 
products. Analysis of the hydrotreating products gave similar products in various yields. The 
results from the GC–MS of one of the samples is shown in Table 1.2-11. From the molecular 
weights and fragmentation pattern observed, a large number of component products were 
identified or partially identified owing to lack of standards. 
 
 Several peaks included the starting materials and solvent. The large number of products were 
formed because of the complexity of the starting feed as well as partial hydrogenation. For 
example, in some products, the furan ring was present intact or unchanged; in other products, 
hydrogenation produced tetrahydrofurans. Both esters and lactones were present. The acid 
products were likely decomposed in the inlet as in the case of starting feed components. 
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Table 1.2-10. Catalysts Used in PNNL Hydrotreating Runs 
5.0% Ru on Carbon (Hyperion) 14388-79-4 
2.5% Pd/2.2% Re on Carbon (Norit ROX 0.8) 58419-10-1 
5.0% Re/3.0% Ru on Carbon (Hyperion) 14388-87-2 
5.0% Re/2.0% Pt on Carbon (Norit ROX 0.8) 14388-87-1 
5.0% Re/5.0% Ir on Carbon (Norit ROX 0.8) 14388-87-5 
5.0% Fe/1.0% Pt on Carbon (Norit ROX 0.8) 58959-136-7 
5.0% Os/1.0% Rh on Carbon (Norit ROX 0.8) 58959-128-2 
5.0% Rh on Alumina (Puralox) 14388-39-1 
5.0% Ni/1.0% Re on Carbon (Norit ROX 0.8) 102654-A2 
5.0% Re on Carbon (Norit ROX 0.8) 14388-93-2 

 
 

 
 

Figure 1.2-2. Mild hydrotreating to cyclic ether (substituted THF) diesel additives. 
 
 
DISCUSSION 
 

Decomposition of Biomass Intermediates 
 

The initial unit of the process uses abundant cellulosic or lignocellulosic feedstocks 
comprising very low cost or negative cost wood and agriculture residue or grass and other energy 
crops. Lignocellulosic feedstocks are low in nitrogen and sulfur. The key to processing 
lignocellulosics to hydrocarbon fuels is the removal of the large amount of oxygen without 
carbonizing or polymerizing the carbon structures or expending a lot of hydrogen. The catalytic  
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Table 1.2-11. Components in Hydrotreating Product with PNNL Catalyst 
 
Peak 

Ret. 
Time, hr 

 
M/e 

 
Name 

1 12.54 198 4-tetrahydrofurfuryl-3-aceto-4-hydroxypentanoic lactone 
2 12.92 ? THF derivative 
3 13.01 182 THF derivative 
4 13.16 228 Ethyl 6-tetrahydrofurfuryl-4-oxo-5-hexenoate 
5 13.95 232 BisTHF decomp. product 
6 14.98 304 Ethyl 3-furfurylidene-6-furfuryl–4-hydroxy-5-hexanoate 
7 15.47 308 Ethyl 3-furfurylidene-6-tetrahydrofurfuryl–4-hydroxy-5-

hexanoate 
8 15.69 310 Ethyl 3-tetrahydrofurfurylidene-6-tetrahydrofurfuryl–4-oxo-5-

hexanoate 
9 15.74 304 Bis furanyl derivative 
10 15.99 312 Ethyl 3-tetrahydrofurfurylidene-6-tetrahydrofurfuryl–4-hydroxy-

5-hexanoate 
11 16.03 312 Ethyl 3-tetrahydrofurfurylidene-6-tetrahydrofurfuryl–4-hydroxy-

5-hexanoate (stereoisomer of 11) 
 
 
conversion of wood waste to levulinic acid or a levulinate ester in an alcoholic solvent typically 
gives 20%–25% yields on a dry weight basis. Obviously, some oxygen is retained in the levulinate 
structure, but it is present as useful functional groups for further synthetic reactions.  
 

The catalytic dissociation/depolymerization unit employs a heated, stirred pressure reactor 
at 180°–200°C with a liquid or dissolved form of catalyst (preferably sulfuric acid). The biomass 
feed comprises a cellulosic or lignocellulosic material, such as wood, particleboard, paper, or 
pulping sludge, any of which could be a by-product or waste form of the material. These are 
reduced to a granular size for catalytic processing. Integration with a power plant can furnish low-
pressure (waste) steam to generate the desired temperatures for the reactor. The reactor is a 
pressurized autoclave or a two-stage apparatus such as taught in previous patent literature 
(Fitzpatrick, 1997). 
 

The catalytic dissociation/depolymerization unit can be run with either of two different 
liquid systems: aqueous or alcoholic. Traditional and 2-stage (Fitzpatrick, 1997) production of 
levulinic acid utilizes aqueous acid for the catalysis. Equal molar amounts of levulinic acid and 
formic acid are produced and are soluble in the aqueous acid. Furfural is also formed from  
5-carbon sugars present in the hemicellulose and is removed as overhead and collected during the 
processing.  
 

The reaction medium for the dissociation/depolymerization can also comprise an acid 
alcohol solution, such as that obtained by adding sulfuric acid and methanol or ethanol. The 
products of the reaction with ethanol are ethyl levulinate and ethyl formate. Furfural was a minor 
product in the ethanol reactions. Previous work showed that longer-chain alcohols also can be used 
as the liquid medium, but they give lower yields of the ester products. Compared to the similar 
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preparation of levulinic acid using an aqueous acid medium, the ethyl levulinate is easily purified 
by distillation and can be easily extracted after removal of the excess alcohol.  
 

The major by-product of the process is a char resulting from dehydration and further 
polymerization of the carbohydrate units in the cellulose. There may be uses for the char, but 
process economics would improve if higher ester yields could be obtained. Reactions in a 
continuous reactor with various alternative feedstocks represent an area for further improvement 
of the process. More soluble feedstocks react faster and may be less likely to self-condense to chars 
owing to the dilution in the solvent.  
 

Condensation Reactions of Levulinate Intermediates 
 

Condensation of Ethyl Levulinate 
 

Subsequent acid or base-catalyzed condensation reactions of the ethyl levulinate produced 
in the decomposition of the cellulose or carbohydrate precursors (Example 1) result in its 
conversion to higher-molecular-weight species that will be more appropriate for diesel and jet fuels 
or useful chemicals, such as plasticizers. Thus the 5-carbon acyl group of the ester is combined 
with aldehydes and ketones (Cx) to form (5 + x)-carbon products. In addition, cycloparaffins are 
available from Diels–Alder reactions of the intermediates prepared from ethyl levulinate. 
 

The general type of condensation reactions described here for aldehydes and levulinic acid 
or esters thereof are variations of the aldol condensation. When the aldol condensation occurs 
between a ketone at the carbon alpha to the carbonyl and an aldehyde, the reaction is called a 
Claisen–Schmidt condensation and between an aldehyde and a ketoester is a Stobbe condensation. 
Claisen–Schmidt condensation products from the reaction of levulinic acid and an aldehyde 
conducted with an acid or base catalyst typically are a mixture of the β- (or branched) and the δ- 
(or unbranched) forms and also include products from the condensation of levulinic acid or esters 
thereof with two or more aldehydes to give di- or polyadducts. The condensation reaction to 
produce unsaturated ketoester intermediates is illustrated in Figure 1.2-2.  
 

Since an aldehyde with alpha-hydrogens readily undergoes self-condensation, aldehydes 
without alpha-hydrogens are preferred coreactants. Isobutyraldehyde can be condensed with a 
ketone because steric hinderance slows down the self-condensation. At least part of the ester 
products is hydrolyzed to carboxylic acids, depending on the catalyst. 
 

The condensation reaction between furfural and ethyl levulinate in the presence of liquid 
base (e.g., dissolved) requires subsequent neutralization and destruction of the catalyst. And this 
generates a problematic alkaline wastewater stream. This problem is commonly solved by using 
solid base catalysts. A wide variety of solid bases have been examined for aldol condensation 
reactions. Examples include alkaline-earth oxides, K- and Li-promoted oxides, calcined HTs, 
zeolites, anion exchange resins, and polymer-supported guanidines. 
 

HT-like layered double hydroxides (LDHs), also known as anionic clays, are natural or 
synthetic materials consisting of the positively charged brucitelike sheets with divalent and 
trivalent cations in the octahedral sites within the hydroxyl layers, plus an exchangeable interlayer 
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anion. Carbonates are the interlayer anions in naturally occurring HT. However, the number of 
counterbalancing ions is essentially unlimited, and LDHs intercalated by various simple inorganic, 
polyoxometalate, complex as well as organic anions have been synthesized. 
 

HTs have recently received much attention as solid base catalysts. Their activated form is a 
potential solid base catalyst for a variety of organic transformations such as condensation, 
isomerization, anion exchangers, and epoxidation reactions. A variety of HT catalysts were 
prepared and tested in the project. The basic properties of the catalysts were determined by 
reactions with indicator solutions. Most exhibited a pH of >12.7 and <15, and there was little pH 
distinction between the catalysts. 
 

Batch testing of the catalysts for the levulinate and furfural condensation was conducted in 
a small, heat-jacketed, stirred reaction vessel at 130° to 165°C. The conversion of ethyl levulinate 
was measured as the test of catalyst reactivity. The composition with the Mg/Al ratio = 3 (HT30-
500) gave the highest conversions (66%). This was slightly less than that achieved with the 
commercial catalyst with Mg/Al = 2. Addition of other elements to the composition resulted in 
inactive catalysts. 
 

High catalytic performance was achieved by thermal treatment of the LDHs, which 
transforms the HT-like materials into mixed oxides. The mixed metal oxides are characterized by 
high specific surface areas, homogeneous dispersion of metals, and unique acid–base properties. 
The choice of suitable calcination conditions is a crucial factor influencing the features of the 
resulting oxides. The activation temperature must be high enough to decompose the interlayer 
anions, but it cannot exceed a critical temperature at which the phase segregation and sintering 
effects take place. According to recent studies, the appropriate temperature would be in the range 
450°–550°C, and the calcined HTs show higher activity if they are calcined and stored in a N2 
atmosphere. 
 

The Claisen–Schmidt or Stobbe condensation of ethyl levulinate with furfural was effected 
with a liquid base system at lower temperatures (ambient to 60°C), with removal of base catalyst 
from the products via neutralization and extraction. Solid base catalysts in the form of HTs were 
effective catalysts for the condensation of ethyl levulinate with furfural with temperatures of 135°–
150°C. The products are a mix of mono- and difuryl-substituted levulinates. Much of the product 
is hydrolyzed to the acid form or is present as the lactone. Acid catalysts were not effective for the 
condensation of ethyl levulinate with furfural. 
 

Isobutyraldehyde was condensed with ethyl levulinate, but other aldehydes with an alpha-
hydrogen undergo self-condensation in competition with the cross-condensation desired. Like the 
furfural condensation, both liquid base and solid base systems will catalyze the isobutyraldehyde 
condensation, the solid base requiring a higher temperature. Good conversions were also obtained 
with liquid acid catalyst at low temperature, but not at high temperature. The products were a 
mixture of mono- and difuryl-substituted levulinate. 
 
 
  



 

1.2-21 

Condensation of Levulinic Acid 
 

The condensation reactions of levulinic acid obtained from the acid-catalyzed 
decompositions conducted in aqueous acid were successful, giving good conversions with furfural 
and isobutyraldehyde. Liquid acid catalysts in a solvent and solid acid catalysts without a solvent 
gave 68%–91% conversions when the temperature was over 60°C. Reactions of levulinic acid with 
furfural and isobutyraldehyde with a basic catalyst were not very successful, except for the reaction 
with isobutyraldehyde in excess of base. The reactions of levulinic acid with a solid base catalyst 
were not attempted. 
 

Condensation Reactions in a Continuous Reactor 
 

Three of the solid base catalysts were tested in a bed configuration in a continuous tube 
reactor with a mixture of ethyl levulinate and furfural in diglyme pumped through the tube at 
1 mL/min. The reaction temperature started at 60°C and was increased to 160°C. The HT30-500 
catalyst gave no conversion below 150°C, but at 160°C, 47% of the ethyl levulinate was reacted. 
The HT35-500 with Mg/Al = 3.5 gave about 30% conversion at 160°C. The HT with added Sn 
gave no reaction up to 180°C. These results show that optimum conversions are obtained with a 
catalyst composition with lower Mg/Al ratios. 
 

Catalytic Hydrogenation 
 

In the levulinate biorefinery concept, catalytic hydrogenation is performed on the ketoacid 
and ketoester intermediate produced in the condensation unit. These oxygen functional groups are 
reduced along with unsaturation, resulting in formation of the mixtures of paraffins, isoparaffins, 
cycloparaffins, and alkylaromatics. Under milder conditions, a tetrahydrofuran ring forms, and the 
existing furan ring is reduced to a tetrahydrofuran (Figure 1.2-2). The substituted tetrahydrofurans 
are utilized as a high-cetane diesel fuel additive.  
 

Most of the catalysts employed for hydrotreating the condensation products gave reduction 
products, although many of the products were only partially hydrogenated. Ruthenium, rhodium, 
palladium, platinum, and even iron and nickel gave good conversions. Rhenium was included in 
the compositions to achieve better reduction of the oxygens, but under the conditions used, few if 
any of the oxygens were reduced off. Rhenium by itself was not effective for reduction. 
 

Hydrotreating activities utilized a composite of several of the batch reactor products 
produced during levulinate intermediates condensation activities. The analysis of the composite 
sample is given in Table 1.2-9 as determined by GC–MS and retention times. The components 
include the original ethyl levulinate ester, some levulinic acid, ethanol, the two isomers of the 
monocondensation product, the biscondensation product, several thermal decomposition products 
of the condensation products (believed to be produced as an artifact in the GC–MS inlet during the 
analysis), and the solvent MeTHF. The sample contained a considerable amount of acidic 
condensation products as described above, which decompose in the GC inlet to give the 
decomposition products listed in the analysis (Table 1.2-9) as well as others that did not show up 
in the analysis.  
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The initial hydrotreating studies were performed at PNNL using the composite sample 
described above. Products were analyzed by GC to determine conversions of the feed and by GC–
MS to elucidate the structures of the product components. In the first series of tests conducted in 
a multiparallel microflow reactor block, with a variety of catalysts at 200°C (Table 1.2-10), most 
of the catalysts gave good conversions of the condensate product components as well as the ethyl 
levulinate remaining in the feed.  
 

A sample of the hydrotreated products was shipped back to the EERC to determine the 
products. Analysis of the hydrotreating products gave similar products in various yields. The 
results from the GC–MS of one of the samples are shown in Table 1.2-11. From the molecular 
weights and fragmentation patterns observed, a large number of component products were 
identified or partially identified owing to lack of standards.  
 

Several peaks comprised the starting materials and solvent. The large number of products 
were formed because of the complexity of the starting feed as well as partial hydrogenation. For 
example, in some products, the furan ring was present intact or unchanged; in other products 
hydrogenation produced tetrahydrofurans. Both esters and lactones were present. The acid 
products were likely decomposed in the inlet as in the case of starting feed components.  
 
 
CONCLUSIONS 
 

Decomposition of Biomass Intermediates 
 

The choice of feedstock for the acid-catalyzed depolymerization–dehydration of biomass 
wastes was shown to affect the yields of levulinates from the reaction. The reaction of shredded 
paper in aqueous acid gave a levulinic acid yield of 28% (weight basis), consistent with yields 
obtained previously in the same reactor with a waste wood composite.  
 

The reaction with the cellulosic Tempico fiber derived from MSW in aqueous acid was 
considerably lower. However, the yield of ethyl levulinate from the reaction in acidic ethanol was 
considerably higher, indicating an advantage to this type of processing. Isolation of ester product 
was relatively easy via distillation. In fact, the levulinic products were not actually isolated, but 
amounts in the aqueous sulfuric acid were determined by HPLC. We conclude that the breakdown 
of the Tempico fiber occurs reasonably well in the ethanol solvent, and there is little lignin and 
hemicellulose to interfere using this feedstock.  
 

The yield of levulinate from the pineapple waste was lower. The reason is that the pineapple 
is composed mostly of pectin, which does not readily hydrolyze and decarboxylate at 200°C. Most 
of the product is derived from the sucrose still present in the waste pineapple. There may be better 
uses for both the sucrose and the pectin. Sucrose can be converted to hydroxymethylfurfural. 
Pectin can be used in various ways or pyrolyzed to furfural at higher temperatures than those 
employed in this step.  
 

The depolymerization–decomposition of ethyl cellulose gave mostly ethyl levulinate as the 
product in either water or ethanol. In this reaction, the ethoxy groups in the ethyl cellulose are lost 
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as ethanol during the reaction, just as water is lost from the glucose units of cellulose. It was hoped 
that the greater solubility of the cellulose derivative would result in much higher yields; however, 
this was not observed.  
 

Condensation Reactions of Levulinate Intermediates 
 

The Claisen–Schmidt or Stobbe condensation of ethyl levulinate with furfural is effected 
with a liquid base system at lower temperatures (ambient to 60°C), although removal of base 
catalyst from the products via neutralization and extraction is needed. Solid base catalysts in the 
form of HTs are effective catalysts for the condensation of ethyl levulinate with furfural, but the 
temperature must be raised to 135°–150°C. The products are a mix of mono- and difuryl-
substituted levulinates. Much of the product is hydrolyzed to the acid form or is present as the 
lactone. Acid catalysts were not effective for the condensation of ethyl levulinate with furfural.  
 

Isobutyraldehyde can be condensed with ethyl levulinate, but other aldehydes with an alpha-
hydrogen undergo self-condensation in competition with the cross-condensation desired. Like the 
furfural condensation, both liquid base and solid base systems will catalyze the isobutyraldehyde 
condensation, the solid base requiring a higher temperature. Good conversions were also obtained 
with liquid acid catalyst at low temperature, but not at high temperature. The products were a 
mixture of mono- and difuryl-substituted levulinate. 
 

Levulinic Acid 
 

The condensation reactions of levulinic acid obtained from the acid-catalyzed 
decompositions conducted in aqueous acid were successful, giving good conversions with furfural 
and isobutyraldehyde. Liquid acid catalysts in a solvent and solid acid catalysts without a solvent 
gave 68%–91% conversions when the temperature was over 60°C. Reactions of levulinic acid with 
furfural and isobutyraldehyde with a basic catalyst were not very successful, except for the reaction 
with isobutyraldehyde in excess of base. The reactions of levulinic acid with a solid base catalyst 
were not attempted.  
 

Solid Base Catalyst Modifications 
 

In an effort to optimize the solid base composition, a number of solid base catalysts were 
prepared where the HT composition and the method of preparation were changed. Twenty different 
calcined HTs were synthesized in amounts of 10 to 20 g in a mesh size and 0.5–1.5 g in powder. 
The ratio of the Mg to Al was varied in several catalysts, additional elements (Sn, Zr, Ni, La) were 
added, a different base (urea) was added, pillaring organic acids (citric acid, EDTA) were added, 
and shear mixing was employed. Calcination temperature, aging time, and temperature and 
composition of HTs were varied in different samples. One sample was rehydrated. 
 

The basic properties of the catalysts were determined by reactions with indicator solutions. 
Most exhibited a pH of >12.7 and <15, and there was little pH distinction between the catalysts.  
 

Batch testing of the catalysts for the levulinate and furfural condensation was conducted in 
a small, heat-jacketed, stirred reaction vessel at 130° to 165°C. The conversion of ethyl levulinate 
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was measured as the test of catalyst reactivity. The composition with the Mg/Al ratio = 3 (HT30-
500) gave the highest conversions (66%). This was slightly less than that achieved with the 
commercial catalyst at Mg/Al =2. Addition of other elements to the composition resulted in 
inactive catalysts.  
 

Three of the solid base catalysts were tested in a bed configuration in a continuous tube 
reactor with a mixture of ethyl levulinate and furfural in diglyme pumped through the tube at 
1 mL/min. The reaction temperature started at 60°C and was increased to 160°C. The HT30-500 
catalyst gave no conversion below 150°C, but at 160°C, 47% of the ethyl levulinate was reacted. 
The HT35-500 with Mg/Al = 3.5 gave about 30% conversion at 160°C. The HT with added Sn 
gave no reaction up to 180°C. These results show that optimum conversions are obtained with a 
catalyst composition with lower Mg/Al ratios.  
 

Hydrotreatment of Condensation Products 
 

Most of the catalysts employed for hydrotreating the condensation products gave reduction 
products, although many of the products were only partially hydrogenated. Ruthenium, rhodium, 
palladium, platinum, and even iron and nickel gave good conversions. Rhenium was included in 
the compositions to achieve better reduction of the oxygens, but under the conditions used, few if 
any of the oxygens were reduced off. Rhenium by itself was not effective for reduction. Further 
tests at higher temperatures and longer reaction times are required to achieve conversion to the 
desired saturated cyclic ethers.  
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SUBTASK 2.1 – PERFORMANCE TESTING OF BIOMASS GASIFICATION AT  
THE EERC 

 
 
INTRODUCTION 
 
 As concerns about global climate change increase, many of the world’s governments are 
mandating increased utilization of biomass, a greenhouse-neutral fuel, in their energy portfolios. 
Many utilities are following suit, constructing distributed-sized power plants or cofiring biomass 
with coal, to reduce their carbon footprints. However, the unique characteristics of biomass 
provide limited opportunities for cofiring for centralized biomass power production. Unlike coal, 
which has high energy density and can be mined from a single location, biomass is generally highly 
distributed and has low energy density. This limits the potential of cofiring and centralized biomass 
power production to a very small fraction of available biomass around the world. Transportation 
of biomass for cofiring becomes economically prohibitive beyond a radius of approximately  
50 miles from the power plant. For centralized biomass power production, the plant must be 
colocated near a large source of readily available biomass, such as a paper mill or large sawmill. 
 
 This leaves the vast majority of potential biomass resources uneconomical for power 
conversion. In the United States, up to 6000 GWh of potential biomass power is paid to be disposed 
of annually. Developing technology that can utilize this resource provides dual economic and 
environmental benefits. The disposal costs are reduced, and the sale of electricity provides a 
secondary income source. From an environmental perspective, not only is landfill space reduced, 
but emissions from transporting the biomass to the landfill are eliminated and power is produced 
with zero net greenhouse gas emissions. However, conventional boiler systems are uneconomical 
in sizes below approximately 10 MW. Development of a distributed power system, optimized for 
power production at 1–5 MW, would provide the enabling technology to utilize these biomass 
resources near the point of resource production. Small-scale gasifiers are ideally suited for 
distributed power systems utilizing opportunity fuels and biomass residues.  
 
 A distributed power system, located near the source of biomass, must be fuel-flexible. The 
ability to cofire biomass with coal decreases system downtime and increases system reliability, 
subsequently increasing the overall economics of the distributed power system. This project 
investigated the feasibility of modifying the gasifier to allow efficient gasification of biomass and 
overcome known difficulties of feeding and clinker formation. Based on results from a series of 
preliminary gasification tests conducted in a bench-scale packed-bed gasifier, engineering design 
of a modified moving, packed-bed gasifier was prepared. This gasifier was designed for achieving 
a nominal thermal throughput of 150 kW. This pilot gasifier was designed to operate on high-ash 
coal, biomass, and coal–biomass mixtures. The syngas produced could be utilized in an integrated 
engine generator or in an indirectly heated microturbine directly from the gasifier. 
 
 
BACKGROUND 
 
 The key to developing a commercially viable distributed biomass power system is 
understanding the market characteristics and designing a power system that overcomes many of 
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the barriers of the market and maximizes the benefits. The key barriers of the biomass market are 
as follows: 
 

• The biomass resource is typically highly distributed and has low energy density. This 
makes transportation costs uneconomical beyond approximately 50 miles. 

 
• The physical and chemical characteristics of biomass vary significantly from source to 

source. No turnkey system currently exists that can utilize a wide variety of biomass 
types. 

 
• Biomass producers are not energy companies and do not want to become energy 

companies. In addition, the ratio of operating and maintenance costs (O&M) to power 
production is very high relative to much larger centralized power systems. Power systems 
require specialized training. The prospect of hiring additional engineers and technicians 
specifically for that system can eliminate any return on investment for the producers. 

 
• Current gasification or combustion systems may produce other types of emissions and 

wastes, such as SO2 and tars, which require additional costs to mitigate or dispose of. 
 
• These barriers are daunting and have stifled utilization of these biomass resources. 

However, there are unique characteristics and benefits of this market that can, given the 
right technology, make it very profitable. 

 
• The market for renewable energy is growing at an average of 50% a year, with no sign of 

leveling off in the near future. Many states in the United States have set goals for 
replacing up to 40% of their energy usage by the year 2025 with renewable energy. 

 
• The economics of renewable energy are becoming increasingly more favorable with 

emerging markets in renewable energy credits, carbon offsets, production tax credits, and 
methane avoidance credits.  

 
• Power systems colocated near a source of biomass residue production may obtain the fuel 

for minimal costs and, in some cases, for a slight profit if the biomass producer is 
currently paying to dispose of the fuel. 

 
• There are no competing technologies in this market space. 
 
• To take advantage of these unique demands, the right design philosophy is needed, and 

that was the emphasis of the biomass power system being developed at the EERC.  
 
 To provide fuel flexibility to the gasifier, the feed system must be given the same priority as 
the rest of the system. This is often a secondary consideration. However, during operation, about 
two-thirds of the problems requiring shutdown of the system are due to material flow through the 
feed system and gasifier. 
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 With these constraints in mind, the EERC undertook the development of a pilot-scale 
advance gasifier-based biomass power system that could be integrated with off-the-shelf power- 
generating systems. Design of the system started with a complete redesign of the feed system. 
Issues encountered often with the feed system include bridging when the biomass is left to free-
fall in the hopper or any vertical pipes and plugging when the biomass is pushed through horizontal 
piping. This was eliminated by ensuring that all vertical drops were minimized and, when 
unavoidable, that any free-fall piping or hoppers utilized a diverging cone from top to bottom. The 
pinch points were designed to be as close to the bottom augers as possible to allow the auger to 
interrupt bridging before it starts. Feeding through the augers and into the gasifier was performed 
with oversized augers that were geared down to low rpm for maximum torque. Auger feeding into 
the gasifier was maintained through the combustion zone in the gasifier using high-temperature 
stainless steels. 
 
 The EERC systematically designed and tested each component, from feed system, to 
gasifier, in an effort to demonstrate the feasibility of this system for a distributed biomass power 
system. The feed system was proven to work as designed. A new gasifier, designed to break up 
clinkers before they coalesce into larger chunks, was constructed and connected to the feed system. 
Cold-flow testing of a variety of biomass fuels through the feed system and gasifier was successful. 
 
 
GOALS AND OBJECTIVES 
 
 The overall goals of this project based on the original scope of work consisted of the 
following: 
 

• Prepare a process flow diagram of a 150-kW thermal system that allows operation on 
biomass and other mixed fuel including coal and biomass, based on the EERC’s design 
and hands-on experience with a variety of biomass power systems employing different 
types of gasifiers and end converters.  

 
• Design, construct, and shake down a +120-kWth gasifier on both biomass and coal. 

 
• Demonstrate operation of the gasifier. 

 
Advanced Gasifier Design 

 
Process Flow Diagram 

 
 Figure 2.1-1 shows the process flow diagram for the 30-kWe biomass power system. The 
parameters shown are for steady-state operation on syngas at 30 kWe. The process flow diagram 
is shown in three subsystems, which were designed and tested independently. Each system was 
designed and tested to meet specific performance characteristics to maximize reliability and 
provide the ideal output for the input of the next subsystem. 
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Figure 2.1-1. Process flow diagram of 30-kW biomass power system. 
 
 
 Table 2.1-1 summarizes the process flow parameters shown in Figure 2.1-1 in more detail. 
Biomass of 15% moisture level was used as the baseline biomass. The air-to-fuel ratio was 2.107, 
which provides an equivalence ratio of 0.40 for gasification. The assumed biomass conversion rate 
in the gasifier was 95%. Since cooling of the syngas was not necessary, the total hot-gas efficiency 
of the gasifier was assumed to be 85%. The gasifier and the feed system were designed to process 
fuel at nominal throughput of 65 lb/hr. 
 

Feed System Design and Development 
 
 For distributed gasification, prior experience with moving packed-bed gasifiers indicates 
that the majority of problems (approximately two-thirds) requiring operator intervention were due 
to solids flow issues through the gasifier and feed system. This makes the design of the feed system 
critical for developing a reliable distributed power system. Typical packed-bed gasifiers feed 
biomass and/or coal from a top-mounted hopper and remove char and ash from the bottom of the 
gasifier. The unreacted packed bed in the hopper is prone to bridging, stopping fuel flow and 
creating an air pocket above the reaction zone. When the biomass or coal in the reaction zone 
becomes depleted, high-temperature syngas can mix with the air in the pocket, causing flare-ups 
that can injure personnel and damage equipment.  
 
 If the biomass or coal has an ash composition that slags in the combustion zone of the 
gasifier, the slag solidifies on the cooler char and ash extraction grate, forming clinkers that 
eventually plug the ash and char removal system. When this occurs, the gasifier must be shut down 
and allowed to cool before manually extracting the clinkers. 
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Table 2.1-1. Process Flow Parameters of  
150-kWth Biomass Power System 
Feed System: 1a – Biomass Output 
Temperature, K 293.15 
Temperature, °C 20 
Biomass Moisture Level, % 15 
Heating Value, Btu 17.7 
Mass Flow, g/sec 8.462 
Energy Output, kWth 150 
Pressure Drop, psia 0 
Pressure Drop, in. H2O 0 
Gasification Air: 1b – Air Input 
Temperature, K 288.15 
Temperature, °C 20 
Air/Fuel Ratio, g/g 2.107 
Press, psia 14.7 
Mass Flow, g/sec 17.829 
Flow, cfm 31 
Pressure Drop, psia 0 
Pressure Drop, in. H2O 0 
Syngas Output: 1b – Air Input 
Temperature, K 873.15 
Temperature, °C 600 
Air/Fuel Ratio, g/g 25.9 
Press, psia 15.422 
Mass Flow, g/sec 2.2 
Flow, cfm 130 
Pressure Drop, psia 0 
Pressure Drop, in. H2O 0 

 
 
 A unique feed system was designed and tested to overcome these issues. Figure 2.1-2 shows 
the initial design of the feed system. Biomass or coal is augured through a rotary air lock to the 
bottom of the gasifier. A vertical auger in the gasifier then moves the fuel up into the gasifier. The 
augers are geared down to provide continuous flow at very high torque. This minimizes the 
probability of bridging or the creation of combustible air gaps during feeding, since the fuel is 
forced through the system at high torque. 
 
 For the proof of concept, a relatively small hopper was used to facilitate quick changing of 
fuels for testing. In a commercial system, the primary hopper would be extended to hold more fuel. 
This, in turn, would be fed by a much larger secondary hopper as the fuel in the primary hopper 
depletes. The two-hopper system allows isolating both hoppers with rotary or gate valves, allowing 
the secondary hopper to be filled during operation. As fuel depletes in the primary hopper, the 
rotary air lock shown in Figure 2.1-2 momentarily stops to isolate the primary hopper from the 
gasifier. Once the primary hopper is filled, the secondary hopper is isolated from the primary  
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Figure 2.1-2. Initial design of feed system. 
 
 
hopper and continuous feeding to the gasifier recommences. Continuous purging of the primary 
hopper during feeding ensures that the slight backflow of syngas through the rotary valve does not 
build up to explosive limits. 
 
 As the fuel is forced up the gasifier, ash, char, and clinkers are removed by an auger at the 
top of the gasifier. 
 
 Cold-flow testing of the feed system was performed on a variety of biomass and coal to 
identify any additional modifications that may be necessary to minimize solids flow issues.  
Figure 2.1-3 shows the Plexiglas® mock-up of the gasifier used for the cold-flow tests.  
 
 The initial solids cold-flow tests demonstrated satisfactory operation of all feed components 
except the augers. The high torque applied to the augers eventually cracked or bent every auger, 
as shown in Figure 2.1-4. This problem was solved by replacing the augers with heavier, ¼-in.-
thick flighting. 
 
 Cold solids flow testing was completed on wood chips, wood bark, Antelope coal, corn, oak 
pellets, sunflower hulls, grass seed, and cocoa hulls. Figure 2.1-5 shows the testing of the cocoa 
hulls through the simulated Plexiglas reactor. Grass seed was the only fuel to have bridged in the 
feed system, just below the rotary valve. Figure 2.1-6 shows the bridging below the rotary valve. 
Additional modifications were made to minimize the potential for bridging with low-density fuels 
by installing a diverging cone below the rotary valve. Afterwards, grass seed was successfully 
flowed through the system. 
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Figure 2.1-3. Plexiglas mock-up of gasifier tube used to cold-test solids flow in gasifier. 
 
 
 The size constraints on the feed material were dictated by the gap distance between the auger 
and the reactor vessel and the flighting distance. Feed with a dimension similar to the gap distance 
between the auger and gasifier wall tended to jam between the flighting and reactor vessel wall. 
This increased torque on the screw and eventually tripped the motor. Feed sized much lower or 
higher than the gap distance did not experience this problem. The upper size of the solids was 
dictated by the flighting distance. The rule of thumb used in testing was that the largest dimension 
of the solid fuel was no more than one-quarter the flighting distance. 
 

Gasifier Design and Development 
 
 The gasification reactor was designed specifically to mate with the modular feed system that 
was successfully tested and shaken down. The gasifier is a cocurrent, moving, packed-bed reactor. 
The gasifier internal gasifier dimensions were determined based on the optimized syngas 
composition and related required mass flux through the upward-moving packed bed. Because of 
its high-temperature operation, the outer cylindrical shell of 24-in. diameter by 48-in. length, rolled 
from 310 stainless steel, was used for the reactor vessel. The inside surface of the outer shell  
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Figure 2.1-4. Damage during initial cold solids flow testing. 
 
 
was lined with 6 in. of high-alumina refractory which will span from the bottom up to the midpoint 
of the extraction auger. This configuration creates a 12-in.-diameter by 31-in.-tall gasifier.  
 
 Figure 2.1-7 shows the general process and instrumentation of the gasifier system utilized 
for conducting preconstruction safety and hazardous operation approvals. Figure 2.1-8 shows the 
assembly and subassembly drawings of the gasifier and solid conveying systems between the 
gasifier system that were reviewed by a team of experts at the EERC.  
 
 The 3-D assemblies of the gasifier shell and residue extraction screw are depicted in two 
views in Figure 2.1-9. The gasifier is designed to be bottom-fed, with the ash and char removed at 
the top by an auger. The design allows ash and slag to move up with the feed, where it eventually 
is augered into the ash bin prior to cooling. A small freeboard area is bolted to the top of the 
gasifier, through which the syngas is extracted. In the current mode of gasifier operation, the hot 
syngas was combusted in a thermal oxidizer and the hot gases were utilized in a shell-and-tube 
heat exchanger for generating hot air. As a scope of a separate project, the hot air was utilized in a 
Bryton cycle gas turbine for power generation. The arrangement allowed syngas conversion (by 
direct thermal oxidation) such that the syngas-scrubbing process and subsequent water treatment 
process become redundant for the process and not utilized. Instead of wet scrubbing, a series of 
cyclones were used to remove particulate matter.  
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Figure 2.1-5. Image of cold solids flow testing of cocoa hulls. 
 

 
 

Figure 2.1-6. Bridging of grass seed hulls in feed system. 
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Figure 2.1-7. General process and instrumentation of the gasifier system.
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Figure 2.1-8. Three views of the gasifier design drawing utilized for creating fabrication shop 
drawing. 
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Figure 2.1-9. 3-D image of gasification reactor. 
 
 
 The complete assembly of the gasifier is shown in Figure 2.1-10. Based on these assembly 
drawings, detailed shop drawings were prepared for executing the construction and assembly of 
the system. Figure 2.1-11 shows the construction of the gasifier and feed system. Additional 
modifications to the feed system were required to accommodate the larger-than-anticipated radius 
of the gasifier. Figure 2.1-12 shows the completed system ready for testing. 



 

 

2.1-13 

D
R

A
FT

 

 
 

Figure 2.1-10. Complete assembly of the gasifier and solid transport system. 
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Figure 2.1-11. Pilot gasifier and solids-conveying systems during construction and assembly 
phase. 

 
 

System Shakedown and Troubleshooting 
 
 The feed system and gasifier were brought online for hot testing and shakedown, as shown 
in Figure 2.1-12. The objective of hot testing and shakedown was to address and correct any 
unanticipated issues under hot conditions and verify gasification performance. Hot gas from the 
gasifier was flared and then vented to the atmosphere, and char and syngas particulates were 
removed via a cyclone into closed 55-gal drums. The first hot test was performed on variously 
sized wood bark. Visual inspection of the flare output signified alternating smoke and clean syngas 
combustion. In addition, some syngas was backfeeding through the rotary valve into the hopper. 
While this was minor, it is an issue that must be addressed in the full-scale version to prevent the 
buildup of combustible gases in the hopper. Throughout the 6-hr hot tests, only one jam occurred 
because of a 4-in. × ½-in. × ½-in. piece of bark caught in the rotary valve. The ash and char 
extraction system worked as designed for this test, removing char. Visual analysis of the char 
revealed shiny spearlike particles that may indicate that the ash extraction system was successfully 
removing the ash as designed. An image of the char and possible ash are shown in Figure 2.1-13. 
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Figure 2.1-12. Pilot gasifier test system after commissioning. 
 
 
 Additional hot testing on coal char produced clinkers that fell back down into the vertical 
auger upon allowing the bed to burn down to the auger. This required shutdown of the gasifier, 
removal of the clinkers, and repair of the augers. Long-term testing on coal produced clinkers on 
the refractory, just above the air inlet nozzles. Clinker formation advanced radially inward with 
continued operation of the gasifier on coal and coal char until both the air nozzles and feed were 
choked. To address this, the vertical auger was extended above the air nozzles to break up clinker 
formation, and the material for the auger was changed to 310 stainless steel to allow operation of 
the auger in the hot zone of the gasifier. 
 

Postcommissioning Gasification Tests 
 
 Testing of the gasification system was performed over the course of several weeks. Total 
run time with nine different fuels was greater than 144 hr. This run time does not include system 
and fuel preparation, system warm-up, system cooldown, and system cleaning and servicing. Fuels 
tested included wood pellets, pressed wood cubes, wood chips, coal, coal–wood chip mixtures, 
mulch, sawdust, switchgrass, charcoal, meat and bone meal, and fish-rendering waste. Gasification 
tests on biomass and coal are reported under the project scope as preliminary performance 
evaluation of the gasifier performance. 
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Figure 2.1-13. Char and possibly ash particles extracted during commissioning test (first hot 
test). 

 
 
 During testing, syngas composition was monitored using a continuous emission monitor for 
five gases: hydrogen, carbon monoxide, carbon dioxide, oxygen, and methane. These five gases 
indicate the quality of the syngas and, based on their variation, can indicate what is occurring in 
the gasifier. Additionally, once steady-state conditions were achieved, a gas sample was collected 
and analyzed with a gas chromatograph, quantifying 23 separate gases and calculating a heat of 
combustion for the composite. In multiple tests, the syngas produced had energy content between 
105 and 196 Btu/scf. Table 2.1-2 shows a typical gas composition produced by the gasifier.  
 
 For comparative purposes, during testing of the system with multiple fuels, a set of operating 
parameters such as fuel feed rate, airflow, gas temperature in various gasifier zones, gas 
composition exiting the gasifier, and other parameters were measured and tracked. Using this 
information, engineers and operators were able to establish a set of optimal operating conditions 
and procedures to achieve steady-state gasification. During all gasifier tests, the parameters found 
to be most critical for steady-state operation were the temperatures within the gasifier. 
 
 Figure 2.1-14 shows a typical operational thermal profile for the gasifier from start-up 
through achievement of steady state. Based on prior experience gained during the system 
commissioning phase, it was established that the steady-state operation is attained when the lower 
and middle sections of the gasifier have attained bed temperature of 800°F. Once this temperature  
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Table 2.1-2. Syngas Composition and Heat Content Gasifying Wood Pellets 
   Normal Ideal Specific  Avg. 
Sample  mol% mol% Btu Gravity Compress. mol wt% 
Helium   0.0000 0.00 0.00 0.00 0.00 
Hydrogen  5.2248 5.2688 17.12 0.00 0.00 0.11 
Carbon Dioxide  5.1904 5.2341 0.00 0.08 0.00 2.30 
Propane  4.2231 4.2587 107.45 0.06 0.01 1.88 
Propylene  0.0016 0.0016 0.04 0.00 0.00 0.00 
Acetylene  0.0033 0.0033 0.05 0.00 0.00 0.00 
Isobutane   0.0000 0.00 0.00 0.00 0.00 
Carbonyl Sulfide   0.0000 0.00 0.00 0.00 0.00 
n-Butane   0.0000 0.00 0.00 0.00 0.00 
Hydrogen Sulfide   0.0000 0.00 0.00 0.00 0.00 
1-Butene   0.0000 0.00 0.00 0.00 0.00 
Isobutylene   0.0000 0.00 0.00 0.00 0.00 
t-2-Butene   0.0000 0.00 0.00 0.00 0.00 
Isopentane   0.0000 0.00 0.00 0.00 0.00 
c-2-Butene   0.0000 0.00 0.00 0.00 0.00 
n-Pentane   0.0000 0.00 0.00 0.00 0.00 
1,3-Butadiene   0.0000 0.00 0.00 0.00 0.00 
Ethylene  0.2407 0.2427 3.89 0.00 0.00 0.07 
Ethane  0.1562 0.1575 2.79 0.00 0.00 0.05 
Oxygen/Argon  1.1702 1.1801 0.00 0.01 0.00 0.38 
Nitrogen  64.2642 64.8053 0.00 0.63 0.01 18.15 
Methane  1.0016 1.0100 10.22 0.01 0.00 0.16 
Carbon Monoxide  17.6890 17.8379 57.31 0.17 0.00 5.00 
        
 Total  99.1651 100.0000 198.87 0.97 0.02 28.09 
  0.9917      
        
 K = 0.00      
 L = 0.00      
 M = 0.11  M1 = 0.00 M2 = 0.00 
 Z = 1.00      
        
 Real Btu (saturated) 195.54    
 Real Btu (dry)  199.00    
 Ideal Specific Gravity 0.97    
 Real Specific Gravity 0.97    

  
Average mol 
wt   28.09       
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Figure 2.1-14. Typical gasifier thermal profile during start-up and after attaining steady-state 
operation. 

 
 
is reached, self-sustained gasification syngas production could be achieved. The steady-state 
syngas composition consisted of H2, CO, CO2, CH4, N2, and H2O, including trace concentrations 
of condensable tar, hydrocarbon gases, sulfur compounds, and trace metals. The system was found 
to operate best when temperatures were maintained between 800° and 1500°F at any point within 
the system. Temperatures in excess of 1500°F were usually indicative of combustion occurring, 
rather than gasification, as was also indicated by increased CO2 in the syngas. When this occurred, 
action was taken to decrease the air-to-fuel ratio through increasing fuel injection or decreasing air 
input. 
 

Gasification Tests 
 
 As earlier observed, during gasification testing, it was found that steady-state conditions 
were achieved with feed rates of 70–80 lb/hr and air injection rates of 1700 to 2100 scfh. Under 
these conditions, solid conversion efficiency varied between 60% and 89%, with typical 
conversion being 80%. Over the course of testing the gasifier, the unit produced syngas with a heat 
content of 94.7 kW for extremely wet biomass (>40 wt% moisture content) and as high as  
145.3 kW for fairly dry (<10 wt% moisture content) fuel. This range represented the total thermal 
energy available at standard temperature and pressure. 
 
 Three gasification tests were conducted to characterize the preliminary performance of the 
final design. The gasifier performance tests were conducted on dry wood chips, corn, and coal. 
Figure 2.1-15 shows the typical syngas composition of the gasifier operated on wood chips. Initial  
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Figure 2.1-15. Typical gas composition during operation of gasifier. 
 
 
start-up was performed on wood char. Initial heat-up was performed on wood chips and took 
approximately 3 hr to reach an initial gasification temperature of 1300°F. The gasifier is designed 
to run continuously, uninterrupted, for long periods of time, so it was designed to have high thermal 
inertia. Long heat-up times were expected and, in fact, continued throughout the shakedown 
period, with a rise of over 150°F over 3 hr with no change in input conditions. The final steady-
state temperature determined during long-term testing ranged between 1500° and 1700°F. Gas 
composition throughout the steady-state period of 4 hr cycled on a 25-min period, which coincided 
with the time period for refilling the hopper. This may be an indication of impact of the fuel 
devolatilization process, fuel feed rate, and bed density known for affecting the concentrations of 
syngas species, as depicted in Figure 2.1-15. 
 
 Assuming feed density was the limiting factor in gas composition, the maximum gas 
composition for a full hopper demonstrated a heating value of 90 Btu/scf for this test. Overall, the 
CO and CH4 were produced as expected. The H2 was much lower than expected. This may have 
been due to the lower combustion temperatures in the gasifier. The primary water–carbon reaction, 
H2O(gas) + C(s) → CO + H2, is endothermic and occurs between 1650° and 1750°F. As steady-state 
combustion temperature approaches 1650°F, both H2 and CO should increase, while the rate of 
increase in temperature should decrease, until equilibrium is reached. Only long-term testing will 
determine what the final combustion temperature and gas composition will be. Regardless, the 
final energy density is not expected to surpass 110–115 Btu/scf because of the use of air as the 
gasifying medium. 
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 The second test was performed on coal comprised primarily of fines and coal chunks, as 
received. The hopper was maintained at a constant fullness to minimize the gas fluctuations shown 
in Figure 2.1-15. Figure 2.1-16 shows the steady-state composition of the dry gas. Entrainment of 
fines was an issue during this test, causing excessive smoke at the flare. Visual analysis of the bed 
through a site glass at the top of the gasifier confirmed that the coal bed was fluidizing, with 
excessive entrainment of the fines with the syngas. The average energy value of the dry syngas 
was 79 Btu/scf. 
 
 To minimize the effect of the fines, the final testing was performed on coal sized to ¼–1 in., 
followed by dry corn. Corn was chosen because of its higher ash content and uniform size.  
 
 Figure 2.1-17 shows the results of the gasification test. Coal was gasified for approximately  
7 hr to obtain steady-state gas compositions. This was followed by the gasification of corn for 
another 7 hr. Throughout the test, methane and CO2 remained relatively constant at 1% and 10%–
15%, respectively. The energy value of coal at steady state was 89 Btu/scf. For corn, the syngas 
calorific value was 78 Btu/scf. During the transition from coal to corn, the energy value jumped to 
107 Btu/scf. This was probably due to the volatiles from the corn reacting with the coal char bed 
at the top of the gasifier. Both the visual analysis and the thermal profile of the gasifier indicated 
that the coal gasified in a cocurrent fixed bed, with distinct combustion and reduction zones. The 
gasifier operated reliably on corn, with a thermal profile indicative of a slurry gasifier with a 
constant temperature from the air nozzles to the char extraction auger of 1000°–1200°F. This was 
confirmed through visual analysis of the bed through the sight glass located at the top of the 
gasifier. Visual inspection of the interior of the gasifier after the test showed no indication of 
clinker formation. 
 
 

 
 

Figure 2.1-16. Dry gas composition of syngas from coal, composed primarily of fines. 
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Figure 2.1-17. Dry gas composition of coal and corn gasification. 
 
 
CONCLUSIONS 
 
• A fixed-bed biomass gasification system was designed, built, and made operational with only 

two operators. The system’s feed rate of 2 tons/day of biomass was an excellent fit for the 
common, relatively small quantities of biomass or organic waste residue conversion. Biomass 
of this nature, such as tree trimmings, is often considered waste.  

 
• It was demonstrated that the gasifier design under this research project can consume biomass 

as fuel, eliminating the economic and environmental cost of landfilling many types of biomass. 
Landfill decay of biomass releases methane, which has more severe deleterious greenhouse gas 
impacts than do the emissions of a gasifier–turbine system. 

 
 The gasifier successfully gasified coal char, wood char, coal, pine wood, oak pellets, corn, and 

wood bark. Cold-syngas composition was similar for all feedstocks and characterized by high 
CO content (~15%–23%), medium hydrogen content (~6%–12%), and low oxygen and 
methane content (~1%–4%). Carbon dioxide was approximately 10% ± 2%. Additional 
gasification of coal char and coal produced substantial clinkers that adhered to the refractory, 
just above the air inlet nozzles.  

 
 Clinker formation advanced radially inward with continued operation of the gasifier on coal 

and coal char until both the air nozzles and feed were choked. The primary modification to the 
gasifier to allow cogasification of both biomass and coal was to break up clinker formation 
within the gasifier. The vertical auger was extended above the air nozzles to break up clinker 
formation, and the material for the auger was changed to 310 stainless steel to allow operation 
of the auger in the hot zone of the gasifier.  
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• The gasifier operated successfully on different fuel feedstocks, including wood pellets, pressed 
wood cubes, wood chips, coal, coal–wood chip mixtures, mulch, sawdust, switchgrass, 
charcoal, meat and bone meal, and fish-rendering waste under a different project scope to 
understand the versatility of the system. 

 
• Research and development garnered through this project reveal that further engineering 

improvements will be necessary before accurate commercial market assessments can be made 
and commercial ventures developed.  

 
 
RECOMMENDATIONS FOR FUTURE EFFORTS 
 
• The gasifier systems require automation in fuel feeding and char removal and improvements in 

emission control. These modifications and improvements need to be realized before market-
based cost and performance targets can be met.  

 
• Extended-duration testing is recommended as an imperative requirement prior to commercial 

demonstration of the gasifier design. 
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SUBTASK 2.2 – GASIFICATION OPTIONS FOR SPENT DIATOMACEOUS EARTH 
FILTER MEDIA 

 
 
INTRODUCTION 
 
 Diatomaceous earth (DE) comprises the skeletal remains of millions of microscopic 
unicellular plants, diatoms, that lived in the ancient freshwater and saltwater bodies of the earth 
more than 5 million years ago. Today, these sedimentary deposits can be found in sufficient 
quantities and purity levels to be mined and processed for a variety of end uses. The finished DE 
product comprises highly pure silica and has excellent filtration properties to meet a wide range 
of industrial filtration needs. Since the early 20th century, DE filtration has been a core process 
of the food and beverage industry, and it continues to produce high-quality filtrates more 
economically than most liquid–solid separation technologies. 
 
 During DE filtering, solid particles and impurities are removed by becoming trapped as 
they flow through a thin layer of DE filtering media. Currently, the spent DE filter cake is treated 
as a waste product since its market for alternative use (e.g., as animal feed) is limited. As a 
result, most spent DE cake produced today ends up in a landfill, which incurs a substantial cost 
for the end user. For the strategic DE markets considered in this project, the average disposal 
cost is $48/ton. As implied by its extensive use, the amount of spent DE produced is large for the 
markets considered; approximately 360,000 tons/yr of DE is consumed in North America alone. 
Worldwide, these markets are estimated to consume over 900,000 tons/yr. 
 
 
BACKGROUND 
 
 Despite having a high percentage of inert content, most spent DE filter cake samples have 
reasonably high fuel heating values that are comparable to biomass fuel sources. Some industries 
have tried to combust the spent DE in solid fuel boilers, but this practice is not common, possibly 
because of the increased risk of fouling from the high inert/ash content of the DE. Gasification of 
the spent DE to recover energy and reduce the amount of waste material appears to be an 
attractive option since the technology is scalable and can be distributed to the point of DE use. 
Frequently, the end users of DE are also intense consumers of energy, and there would be a 
ready need for grid power or synthesis gas that could be used in modified natural gas combustion 
equipment. 
 
 Spent DE cake is an interesting potential fuel source; since the fuel value comes entirely 
from the trapped filtrate (DE itself is highly pure silica and adds no fuel value), each different 
use of DE essentially produces a fuel with different properties. For this work, two representative 
classes of spent DE cake were evaluated; both are derived from biomass and represent key 
industry markets. The first samples are from the treatment of plant-based oils, including edible 
oils and those used for fuels such as biodiesel—a rapidly growing sector. The other samples are 
from the wet milling of corn, which represents one of the largest single uses of DE. Details of 
each sample are provided in Table 2.2-1. Combined, the selected samples also represent a range 
of spent DE material properties, i.e., the oil filtrate has a high heating value and low moisture, 
while the corn-milling filtrate has a lower heating value and up to 40% moisture. 
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Table 2.2-1. Spent DE Filter Media Selected for Testing 
Sample Description 
Biodiesel Biomass-based fuel oil-filtering by-product 
Soybean Oil Edible oil-filtering by-product 
Maltodextrose Corn wet-milling by-product, filtrate includes activated carbon 
Dextrose Corn wet-milling by-product, high as-received moisture 

 
 
OBJECTIVE 
 
 The objective of this project was to identify the engineering issues associated with using 
spent DE as a gasification fuel. With this information, EP Minerals, LLC, and the EERC can 
explore business models of how best to utilize this resource and develop technology accordingly. 
 
 
EXPERIMENTAL  
 
 This project was divided into three activities as follows. 
 

Spent DE Characterization 
 
 Preliminary data for the spent DE filter media samples were collected during this activity. 
Four samples were analyzed for proximate composition, heating value, and ash fusion 
temperature. In order to further evaluate the physical handling properties of the fuel within a 
gasification system, screening tests were performed to identify the sintering characteristics of the 
fuel. For these tests the process was to form uniform cylindrical pellets (approximately  
0.5 in. diameter by 0.75 in. high) through light compression in a pellet die. The samples were 
then covered by an inverted crucible, placed in an oven, and exposed to predetermined 
temperatures overnight (approximately 16 hr). After exposure, the pellets were examined for 
residual compressive strength and burnout efficiency. 
 

Bench-Scale Evaluation 
 
 In order to investigate the transformation of the solid fuel under pyrolysis and gasification 
conditions, test fuels were evaluated using the EERC’s continuous fluid-bed reactor (CFBR), 
which is shown schematically in Figure 2.2-1 and pictured in Figure 2.2-2. The CFBR is a 
bench-scale, fluidized-bed test reactor used to evaluate fuels and produce small quantities of 
reaction products. During operation, fuel is fed continuously into the reactor, which is sized for a 
fuel throughput of approximately 4 lb/hr. Preheated gases (in this case, a combination of air and 
steam) are blown into the bottom of the reactor at a sufficient rate to suspend and fluidize the 
fuel in the reactor. As the gasification reactions occur, the fuel particles lose mass and are 
eventually carried out of the reactor after sufficient mass loss has taken place. Gas, volatiles, and 
residual fuel solids leave the top of the reactor and enter a particulate cyclone, where the coarse  
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Figure 2.2-1. Schematic of the CFBR. 
 
 

 
 

Figure 2.2-2. Photograph of the CFBR. 
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solids are removed. The remaining fine particulates are removed in a subsequent sintered-metal 
filter housed in the filter vessel. Volatile compounds and moisture are removed from the gas 
stream in one of two condensation trains, each consisting of a water-cooled indirect heat 
exchanger followed by two glycol-cooled indirect heat exchangers. The conditioned gas sample 
is then sampled by a gas chromatograph that determines the produced gas composition. 
 
 The flow rate and temperature of the fluidizing gas entering the reactor is controlled, and 
its composition can be tailored to the specific needs of the test. For these tests, the fluidizing gas 
composition was a combination of air and steam at an optimum ratio for fuel gas production 
based on the fuel analysis. The system pressure was 20 psig, which is the practical lower limit of 
operation with the CFBR. The nominal reactor temperature was 1560°F. 
 
 Data collected for each test included system temperatures, fuel feed rate, produced gas 
flow, and gas composition. Each test with the CFBR also generated the following samples: 
coarse solids, fine particulates, condensed volatiles, and condensed moisture. All sample streams 
were collected and quantified; solid samples were analyzed for loss-on-ignition to determine the 
overall carbon conversion efficiency. The coarse solids represented 70%–90% of the particulates 
collected. A sample of the coarse solids from each test was submitted to EP Minerals for 
secondary market evaluation. 
 

Engineering Analysis 
 
 Following the experimental activities, an engineering analysis was conducted regarding the 
use of spent DE as a gasification fuel. Key findings of this analysis were to: 
 

• Recommend suitable thermal conversion processes and by-product characterization for 
the types of spent DE tested. 
 

• Derive a preliminary energy and material balance for DE gasification. 
 

• Estimate the economic potential for using DE as a fuel source. 
 
 
RESULTS AND DISCUSSION 
 

Spent DE Characterization 
 
 Fuel analyses were collected for each of the four DE samples; proximate analysis and 
average heating value are summarized in Table 2.2-2. As the analyses show, the oil-based 
samples consist essentially of volatile material and residual ash. This is consistent with their oil-
filtering service. The ash content represents the parent DE and any solid filtrates removed from 
the oil. Both of these samples have very low moisture content. The dextrose-based, corn wet-
milling samples contain significant moisture as well as volatile and fixed carbon content. The 
latter two components contribute to the fuel value of each sample. The maltodextrose has a 
higher fraction of fixed carbon primarily because of the fact that it contained activated carbon 
that was filtered out by the DE during processing. 
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Table 2.2-2. Proximate Analysis of As-Received DE Samples 

Sample 
Moisture, 

% 
Volatiles, 

% 
Fixed 

Carbon, % Ash, % 

Average 
Heating Value, 

Btu/lb 
Biodiesel 0.00 52.11 0.00 48.07 9304 
Soybean Oil 0.20 40.13 0.48 59.19 6774 
Maltodextrose 23.30 27.60 38.59 10.51 8877 
Dextrose 49.40 19.26 5.95 25.39 3102 

 
 
 The heating values of all samples are consistent with most biomass fuels or low-grade 
coals. However, the high ash content of the oil-based samples implies that the effective heating 
value of their volatile components is substantially higher, demonstrating that their fuel value 
comes from hydrocarbons. The high moisture content of the dextrose material is responsible for 
its low heating value. 
 
 Ash fusion measurements were conducted according to ASTM International Standard 
D1857 under a reducing atmosphere (carbon monoxide). This procedure is a relative measure of 
the high-temperature physical properties of the ash material. The process involves forming a 
standard geometry shape from residual fuel ash, exposing it to a ramping temperature profile, 
and recording the temperature corresponding to characteristic shape deformation stages. The data 
for the DE samples are presented in Table 2.2-3, and they indicate a clear difference between the 
oil and dextrose samples. The oil samples showed signs of deformation at approximately 2600°F, 
while the dextrose samples showed no signs of deformation up to the 2800°F evaluation limit of 
the test. The stability under high temperatures was expected since the DE is processed at high 
temperatures; however, differences between the oil and dextrose samples suggest some fluxing 
of the DE by impurities collected during oil filtering. 
 
 Fuel pellet samples were exposed to high-temperature conditions to evaluate the physical 
handling properties of the fuel within a gasification system. Sample photographs of pre- and 
postexposure pellets are provided in Figure 2.2-3. 
 
 Exposed pellets were evaluated for loss on ignition (LOI) and residual strength. LOI 
results are summarized in Table 2.2-4, while the compressive strength data are provided in  
Table 2.2-5. The LOI data show that the oil-based samples achieved good burnout at all 
temperatures evaluated, consistent with their high-volatile composition. However, the  
  
 

Table 2.2-3. Ash Fusion Temperatures According to ASTM Standard D1857  
(reducing atmosphere) 
 Temperature at Specified Deformation Stage, °F 
Sample Initial Softening Hemispherical Fluid 
Biodiesel 2674 2681 2683 +2800 
Soybean Oil 2656 2672 2731 +2800 
Maltodextrose +2800 +2800 +2800 +2800 
Dextrose 2800 +2800 +2800 +2800 
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Figure 2.2-3. Pellet appearance before furnace exposure (left) and after exposure (right) (note: 
the dextrose sample arrived late and was evaluated in separate tests). 

 
 

Table 2.2-4. LOI Results from Crushed Pellet Samples 
 Exposure Temperature 
Sample 800°F 1000°F 1200°F 
Biodiesel 0.08 0.05 0.09 
Soybean Oil 0.25 0.13 0.09 
Maltodextrose 10.00 2.01 0.42 
Dextrose 12.69 0.23 0.16 

 
 

Table 2.2-5. Compression Testing Results for Exposed Pellet Samples 
 Average Compressive Load at Failure, lb (standard deviation, lb) 
Sample 800°F 1000°F 1200°F 1800°F 
Biodiesel < 2 < 2 5.8 (1.8) 135 (15) 
Soybean Oil < 2 < 2 4.0 (2.0) 43 (7.1) 
Maltodextrose No cohesion No cohesion No cohesion No cohesion 
Dextrose No cohesion No cohesion No cohesion Not evaluated 

 
 
recalcitrant fixed-carbon content of the dextrose samples did not completely burn out at 800°F. 
Furthermore, the maltodextrose sample retained significant LOI even at 1000°F, most likely 
because of its activated carbon content. It should be noted that the temperatures used for the 
pellet evaluation were significantly lower than the actual reactor temperatures used during the 
gasification tests (approximately 1560°F), and the results provide only relative measures of 
conversion efficiency. 
 
 The residual strength data of Table 2.2-5 also show distinct differences between the oil-
based and dextrose-based samples. The dextrose samples showed no tendency to agglomerate 
and readily fell apart into a loose powder after the furnace exposures. On the other hand, all of 
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the oil-based samples retained their cylindrical shape and developed some degree of strength that 
was dependent on exposure temperature. As with the burnout data of Table 2.2-4, the pellet 
residual strength is only a relative measure of agglomeration potential. The dextrose-based 
samples have the preferred characteristic of showing no agglomeration and readily forming a 
loose ash that can be conveyed out of the gasifier, while the oil samples will agglomerate under 
the proper conditions. Depending on the type of gasifier this could lead to deposit formation. 
 

Bench-Scale Evaluation 
 
 Three of the four fuels from Table 2.2-1 were tested as a gasification fuel using the 
EERC’s CFBR system. The fuels were maltodextrose, dextrose, and soybean oil. Feeding of the 
DE material using the CFBR’s feed system was difficult and was not possible for the biodiesel 
sample. In the CFBR system, fuel is directed out of the hopper using an auger located within the 
hopper. Fuel is then metered out into the reactor using a feed screw mechanism. The 
characteristics of the DE were such that over time, the material would adhere to the hopper sides 
and to the auger itself, forming a solid mass that would no longer come out of the hopper. In 
order to feed the dextrose and maltodextrose samples, both samples were partially dried until no 
longer sticky. The soybean sample could not be dried since it had very little moisture content, so 
a shorter-duration test was conducted with this material until continuous feeding could not be 
maintained. The biodiesel DE sample could not be fed at all with the existing CFBR feed system, 
even on a limited basis; therefore, no gasification data were collected for this sample. 
 
 Fuel gas production results from the gasification tests are summarized in Table 2.2-6. The 
principal calorific components of the fuel gas are carbon monoxide (CO), hydrogen (H2), 
methane (CH4), and higher hydrocarbons (represented as propane, C3H8). Even higher 
hydrocarbons were present in the gas, but some were condensed out during gas conditioning and 
are not included in Table 2.2-6. If the fuel gas were combusted to provide heat, these  
 
 

Table 2.2-6. Fuel Gas Data Summary for the CFBR Testing 
  Maltodextrose Dextrose Soybean Oil 
Fuel Gas Composition, vol%    

CO 7.61 6.30 5.09 
H2 12.01 9.57 9.93 
CH4 3.92 3.86 4.12 
CxHy (as C3H8) 0.29 0.96 1.91 
H2S 0.04 0.06 0.06 
CO2 8.98 9.77 9.96 
N2 48.89 52.10 52.63 
H2O 16.15 17.11 17.45 

Gas-Only Calorific Value (CV), Btu/scf 98.4 102.7 123.7 
Gas and Combustion Air CV*, Btu/scf 51.5 51.9 56.0 
% of Methane–Air Mixture* 60.5 60.9 65.8 
% of Propane–Air Mixture* 56.0 56.4 60.9 
* Based on a stoichiometric volume of combustion air. 
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condensable hydrocarbon components would not be removed and would contribute to the overall 
heating value of the fuel gas. However, some uses of the fuel gas, e.g., in an internal combustion 
engine to produce power, would dictate that these condensables be removed. Hydrogen sulfide 
(H2S) was detected in small quantities, and it is also a very minor contributor to heating value 
since it will burn to form water and SO2. The remaining gases are inert and include CO2 from 
fully oxidized fuel, N2 from the air used to supply oxygen, and H2O from the fuel and unreacted 
steam. 
 
 The fuel gas CV calculated from the measured gas composition is also provided in  
Table 2.2-6. All samples resulted in a low-CV fuel gas; for comparison, methane is 
approximately 1000 Btu/scf and fuel gas from an oxygen-fired gasification system is roughly 
270–500 Btu/scf. However, since nearly all practical uses for the fuel gas require mixing with 
combustion air to supply the oxygen, a better measure of the fuel value is the CV for a 
stoichiometric mixture of fuel gas and combustion air. As shown in Table 2.2-6 the dextrose-
based samples result in a mixture CV of approximately 52 Btu/scf, while the soybean oil 
produced a mixture CV of 56 Btu/scf. These values are 60%–66% and 56%–61% of the 
equivalent combustion air mixture CVs for methane and propane, respectively. 
 
 The soybean oil produced a fuel gas with a higher CV than the dextrose-based samples. 
This appears to be due to the high volatile content of the soybean oil, which resulted in higher 
fuel gas methane content and significantly more CxHy (higher hydrocarbon) content. 
 
 Carbon in the fuel samples that was not converted to gas in the gasifier left the system 
primarily as unconverted carbon in the ash. Both the coarse and fine ash fractions were sampled 
for LOI, and the data are plotted in Figure 2.2-4. Compared to the other two fuels, maltodextrose 
had a high amount of unconverted carbon remaining in both fractions of the ash. Presumably this 
unconverted material comes from the activated carbon present in the maltodextrose sample. 
Since activated carbon is partially gasified during its production, it comprises a high percentage 
of fixed carbon that does not gasify as readily as volatile material. The high initial fixed carbon 
content of the maltodextrose was observed in the proximate analysis of Table 2.2-2. 
 
 For the dextrose and soybean oil samples in Figure 2.2-4, the coarse ash had LOI values 
typical of a fluidized-bed gasification system, approximately 5%. The fine ash fraction for both 
samples showed significantly higher LOI values and is indicative of their residence time in the 
reactor. Because of their size, the smaller particles that comprise the fine ash fractions were 
carried out of the reactor faster than the larger, coarse ash particles, thereby reducing their 
residence time and the amount of fuel conversion that took place. Correlating this observation to 
the maltodextrose sample implies that the available residence time was insufficient to convert the 
activated carbon, even for the coarse ash particles. 
 
 Some of the fuel carbon was volatilized in the form of condensable hydrocarbons that were 
removed during the fuel gas-conditioning stages. The carbon content of these condensed organic 
components is not accounted for in Table 2.2-6 or Figure 2.2-4, but it amounted to less than 1% 
of the total carbon fed into the system for all samples. 
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Figure 2.2-4. CFBR ash LOI values. 
 
 
 The overall material balance and conversion efficiencies for the gasification tests are 
summarized in Table 2.2-7. The data in Table 2.2-7 relate the amounts of fuel gas, coarse ash, 
and fine ash produced to the input amount of as-received DE. Clearly, the soybean oil sample 
resulted in the highest quantity of fuel gas produced per pound of input material. Furthermore, 
the amount of total ash recovered from the soybean oil test, 59.2% (coarse and fine ash), agrees 
very well with the proximate analysis data of Table 2.2-2. The dextrose-based samples both 
produced comparable quantities of fuel gas and total ash per pound of input material. 
 
 The gasification efficiency is presented in several ways in Table 2.2-7. The first cold-gas 
conversion efficiency is a standard measure of the gasification energy balance and is simply the 
ratio of the output energy content of the fuel gas, cooled to ambient temperature (i.e., “cold”), to 
the input energy content of the as-fired fuel. The modified cold-gas conversion efficiency is the 
same energy ratio, but it also takes into account the supplemental energy inputs to the process in 
the form of drying the maltodextrose and dextrose samples and the energy for steam injection 
during all three tests. Including these additional sources of energy lowers the dextrose conversion 
efficiency by 9% but the soybean oil conversion by only 4% since no drying of the oil sample 
was performed. The maltodextrose efficiency was considerably lower, and it is believed to be the 
result of the incomplete conversion of its activated carbon content. 
 
 The final efficiency measure in Table 2.2-7 is the solid carbon-to-gas conversion efficiency 
and is a measure of the carbon mass balance across the gasification system. Both the dextrose 
and soybean oil samples had carbon conversion efficiencies of roughly 90%, which means that 
90% of the original carbon content of the fuel was converted to components of the fuel gas and 
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Table 2.2-7. Material Balance and Efficiency Summary for the CFBR Testing 
  Maltodextrose Dextrose Soybean Oil 
Fuel Gas Output Relative to As- 
  Received Feed Input, scf/lb 

31.7 25.4 49.6 

Coarse Ash Output Relative to As- 
  Received Feed Input, % 

19.4 15.0 54.6 

Fine Ash Output Relative to As- 
  Received Feed Input, % 

1.7 5.5 4.6 

     

Cold-Gas Conversion Efficiencya, % 31.6 75.7 81.4 
Modified Cold Gas Conversion  
  Efficiencyb, % 

30.2 66.3 77.2 

Solid Carbon-to-Gas Conversion  
  Efficiencyc, % 

64.2 89.0 91.1 

a (heating value of fuel gas output)/(heating value of dried fuel). 
b (heating value of fuel gas)/(fuel heating value + drying energy + steam input energy). 
c (carbon content of the fuel gas)/(carbon content of fuel feed). 

 
 
the remaining 10% was unconverted and leaves the system primarily in the ash. The observed 
carbon conversion efficiencies for the dextrose and soybean oil samples are typical for fluidized-
bed gasifier performance. The lower carbon conversion for the maltodextrose sample is a result 
of the high carbon content of the ash, presumably from the activated carbon in the fuel. 
 

Engineering Analysis 
 
 Following bench-scale testing, the data were reduced to simplified models for gasifier 
performance that can be used for subsequent economic modeling. At the conceptual level, the 
key parameters for a spent DE recovery cycle are the input amount of as-received spent DE, the 
resulting heating value and quantity of fuel gas produced, and the amount of residual ash created 
that may have secondary market value. 
 
 The produced fuel gas quantity and quality are summarized by Equation 1, which relates 
the total amount of thermal energy embodied in the fuel gas (therm) to the input quantity of as-
received spent DE material. The fuel-specific coefficients in Equation 1 are provided in  
Table 2.2-8. 
 

 














×






×

=

therm
Btu 100,000

scf
Btu B

lb
scfA (lb) Feed Fuel

(therm) ProductionEnergy  Thermal  [Eq. 1] 

 
 In a similar manner, the coarse ash production is calculated using the input DE feed in 
Equation 2 along with the fuel-specific coefficient in Table 2.2-8. 
 

 
100
C (lb) Feed Fuel  (lb) ProductionAsh  Coarse ×=  [Eq. 2] 
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Table 2.2-8. Fuel-Specific Coefficients for Equations 1 and 2 
Fuel A B C 
Maltodextrose 31.7 98.4 19.4 
Dextrose 25.4 102.7 15.0 
Soybean Oil 49.6 123.7 54.6 
Biodiesel* 64.4* 123.7* 44.3* 
* Estimated values based on soybean results and proximate analysis. 

 
 
 As an example, if 10 tons of spent soybean oil DE were processed using a fluidized bed-
type of gasifier, the approximate yield of thermal energy from the fuel gas would be: 
 

10 × 2000 × 49.6 × 123.7/100,000 = 1230 therm, along with: 
 

10 × 2000 × 54.6/100 = 10,900 lb or 5.5 tons of coarse ash 
 
 It should be noted that Table 2.2-8 also includes coefficients for the biodiesel sample, even 
though it was not possible to conduct CFBR tests with this material. The values in Table 2.2-8 
are estimates based on the fuel gas production rate observed with the soybean oil sample and the 
composition determined from the proximate analysis. The biodiesel coefficient estimates predict 
that the biodiesel would have had the highest rate of fuel gas production per unit of input fuel. 
 
 
CONCLUSIONS 
 
 Several conclusions can be drawn from the results of this project; conclusions important to 
the future use of DE as a fuel or in subsequent testing are summarized below: 
 

• Feeding spent DE may require different approaches than those typically used for solid 
fuel feeding. Most of the EERC’s fuel-feeding equipment is designed for dry, granular, 
or powdered materials. The as-received DE was slightly sticky and would form clumps 
if compressed. Drying the dextrose and maltodextrose samples enabled consistent, long-
term feeding, but an alternate feeding arrangement would be needed for the oil-based 
samples. 
 

• Unlike more conventional solid fuels like coal or wood, the spent DE does not undergo 
a significant change in volume during reaction. The DE itself serves as a rigid 
framework that does not change size appreciably while the fuel is gasified. This will 
complicate the use of DE in fixed-bed gasifier designs since these systems typically rely 
on fuel volume change to assist fuel flow. 

 
• The oil-based samples showed a tendency to agglomerate when exposed to high 

temperatures for long exposure times. While no agglomeration problems were observed 
in the CFBR with the soybean oil material, problems could develop over time in the 
form of slowly accumulating deposits. This would need to be monitored in any future 
application. 
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• All samples tested with the CFBR resulted in a low-calorific-value fuel gas. The 
calorific value of a fuel gas–combustion air mixture would be 60%–66% of the calorific 
value for an equivalent methane mixture and 56%–60% of a propane–combustion air 
mixture. This gas could be used to supply heat with suitably modified combustion 
equipment. In this case, gas cleanup would be minimal (particulate removal only) 
provided it could be kept hot until the point of use; otherwise, the condensable organic 
components would need to be removed. The gas could also be used in a modified 
internal combustion engine to produce power, but the cleanup requirements would be 
more stringent. 

 
• The dextrose and soybean oil samples achieved a carbon conversion efficiency typical 

of a fluidized-bed gasification system, leaving roughly 5% LOI in the coarse ash 
fraction. If better carbon conversions are desired, alternate system designs will need to 
be considered. 

 
• The maltodextrose sample produced a combustible fuel gas, but the overall conversion 

efficiency was poor because of the activated carbon content. Longer reactor residence 
times are needed to use this fuel more effectively. A fluidized-bed gasifier may not be 
the best design choice for DE fuels with high fixed carbon. 

 
• While it was not possible to test the biodiesel with the existing CFBR setup, it would be 

expected to behave similarly to the soybean material and gasify completely based on its 
high volatile content. 

 
• Both the maltodextrose and dextrose had appreciable fuel nitrogen content, and during 

testing with each fuel, ammonia could be detected in the condensate water. Future 
testing with these fuel gases should consider potential NOx emissions. 

 
 As for future scenarios involving the use of spent DE as a fuel, none of the issues observed 
during this testing present an insurmountable challenge to gasifying spent DE. Depending on the 
relative value of the process outputs, i.e., fuel gas and ash, other processes may be more suitable 
for using the spent DE material. However, improvements to the quality of one will typically 
come at a cost to the other. The fluidized-bed gasification technology tested in this project 
provided a balance between fuel gas quality and ash preservation. Other options to increase fuel 
gas quality or ash structure would include the following: 

 
• To increase fuel gas quality and carbon conversion efficiency, an entrained-flow 

gasifier could be used. This gasifier uses higher temperatures to efficiently convert the 
carbon contained in the fuel to fuel gas, but will produce softened, agglomerated, or 
completely melted ash. These systems are commonly oxygen-fired, which adds cost and 
complexity, but results in a medium-calorific-value fuel gas, i.e., roughly 270– 
500 Btu/scf. 
 

• To increase the quality of the recovered ash, lower-temperature processes would need to 
be considered. Hydrothermal gasification uses supercritical water to volatilize and crack 
carbon-based fuels at temperatures lower than those used in the fluidized-bed reactor. 
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Low-temperature combustion could also be considered since high carbon conversion 
efficiencies can be achieved more easily compared to gasification conditions. To 
compensate for lower temperatures, longer processing times would be required. 
Frequently, these types of systems would result in a lower-quality fuel gas or no fuel 
gas at all in the case of combustion. In these cases, the majority of the DE’s energy 
content would be released as heat at the point of processing. 
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SUBTASK 3.1 – PROJECT MANAGEMENT 
 
 
 Duties within this subtask included the day-to-day management necessary to make the 
project successful for the U.S. Department of Energy (DOE) in general and, in particular, for the 
Energy Efficiency and Renewable Energy Biomass Program. Project application documents and 
budgets were processed in a timely fashion as well as all quarterly, final topical, hazardous 
substance, milestone, and annual operating plan reports. In addition, all financial information 
requested by DOE was provided according to DOE specifications and formats. Periodic review 
meetings were held with all principal investigators in charge of specific technical activities to 
ensure that progress was being made and project objectives were being fulfilled. 
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SUBTASK 3.2 – EDUCATIONAL OUTREACH 
 
 
 Educational elements of this task included developing presentations and, in some cases, 
exhibit booth displays for various international and regional conferences in order to disseminate 
information on technologies and breakthroughs being accomplished in the project. The Energy & 
Environmental Research Center (EERC) hosted a regional 2-day workshop, with presentations 
from scientists, engineers, and project managers to talk primarily about technical breakthroughs in 
developing energy, fuels, and chemicals from biomass. The workshop was designed very simply, 
with a single stream of presentations so all attendees heard the same papers presented. Ample 
breaks and networking opportunities were provided through lunch, a reception and, especially, an 
exhibit forum.  
 
 In addition to organizing the technical sessions and speakers, the EERC put together 
conference registration forms, printed marketing materials, developed an informational Web site, 
and conducted the event. The event covered topics such as biomass resources, processing cellulosic 
ethanol production, cellulosic green diesel, hydrocarbon fuel production, biopower opportunities 
and demonstrations, and biorefinery chemicals and products. Biomass ’10: Renewable Power, 
Fuels, and Chemicals Workshop attracted over 300 registrants from 25 states, the District of 
Columbia, and four Canadian provinces. Other countries represented include Austria, Brazil, 
China, Italy, New Zealand, and the United Kingdom.  
 
 Attendees represented 175 organizations, over 60% of them from private industry. This was 
the eighth annual biomass workshop of its kind, focused on the production of renewable energy, 
fuels, and chemicals from biomass feedstocks. The two-day event was held at the Alerus Center 
in Grand Forks, North Dakota.  
 
 The 2-day technical program included comprehensive educational sessions on topics 
including trends and opportunities in utilizing biomass; biomass feedstocks; biofuels; and using 
biomass for creating chemicals, heat, and power. The program also included a panel discussion on 
the use of algae as a feedstock. North Dakota Governor John Hoeven gave the keynote address 
and U.S. Senators Byron Dorgan and Kent Conrad provided video comments. 
 
 Sponsors of the Biomass ’10 Workshop included the U.S. Department of Energy through 
the EERC’s Centers for Renewable Energy and Biomass Utilization; Signature Sponsor the North 
Dakota Department of Commerce Division of Community Services State Energy Program; 
Collaborating Sponsor Biomass Magazine; Partnering Sponsors Barr Engineering Company, Cook 
Engineering, Fredrikson & Byron, Jamestown Stutsman County Economic Development 
Corporation, Otter Tail Power Company, and Xcel Energy; and Contributing Sponsors Fagen Inc. 
and the North Dakota Farmers Union. Additional event donations were provided by Wells Fargo 
and the EERC Foundation®. 
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SUBTASK 3.3 – STRATEGIC STUDIES 
 
 
 Strategic studies activities included attending meetings to discuss future directions for 
thermochemical and other processes for biomass conversion and relationship-building with 
biomass academics, resource providers, equipment manufacturers, and organizations interested in 
implementing bioenergy or bioproduct projects. Short articles and papers were written on specific 
topics of renewable fuels and biomass utilization for internal purposes and for trade journal 
articles. Forward planning for cutting-edge biomass utilization research in accordance with U.S. 
Department of Energy plans and objectives was conducted.  
 
 Specific conferences and meetings attended included the 18th European Biomass 
Conference and Exhibition, Lyon, France; a meeting with GE Water & Process Technologies, 
Trevose, Pennsylvania, and a meeting with GE Global Research to discuss potential collaboration 
Schenectady, New York; a project meeting with Manitoba Hydro, Winnipeg, Canada; the 
International Bioenergy Days 2010 Conference, Rockford, Illinois; meetings/site visit at the 
Initiative for Renewable Energy & the Environment, Roseville, Minnesota; the International Water 
Conference, San Antonio, Texas, October 25–26, 2010; the International Biomass Conference & 
Expo, Minneapolis, Minnesota, May 4–6, 2010; a meeting with the U.S. Department of Agriculture 
for a bioenergy proposal, Sioux Falls, South Dakota; a meeting on the Renewable Energy Program 
with the North Dakota Industrial Commission, Bismarck, North Dakota; Pacifichem 2010 – 
International Congress of Pacific Basin Societies, Honolulu, Hawaii, December 15–20, 2010; a 
presentation at the ARPA-E Energy Innovation Summit, Washington, D.C.; a presentation at the 
10th Annual Harvesting Clean Energy Conference, Kennewick, Washington; a presentation at the 
Clearwater Clean Coal Conference, Clearwater Beach, Florida, June 6–10, 2010; and a 
presentation at the European Forum on Industrial Biotechnology Conference, Edinburgh, 
Scotland, October 19–21, 2010. 
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SUBTASK 1.1 – PILOT-SCALE GASIFICATION OF SPENT DIATOMACEOUS 
EARTH FILTER MEDIA 

 
 
INTRODUCTION 
 
 Diatomaceous earth (DE) comprises the skeletal remains of millions of microscopic 
unicellular plants, diatoms, that lived in the ancient freshwater and saltwater bodies of the earth 
more than 5 million years ago. Today these sedimentary deposits can be found in sufficient 
quantities and purity levels to be mined and processed for a variety of end uses. The finished DE 
product is composed of highly pure silica and has excellent filtration properties to meet a wide 
range of industrial filtration needs. Since the early 20th century, DE filtration has been a core 
process of the food and beverage industry, and it continues to produce high-quality filtrates more 
economically than most liquid–solid separation technologies. During DE filtering, solid particles 
and impurities are removed by becoming trapped as they flow through a thin layer of DE- 
filtering media. Currently, the spent DE filter cake is treated as a waste product since its market 
for alternative use (e.g., as animal feed) is limited. As a result, most spent DE cake produced 
today ends up in a landfill, which incurs a substantial cost for the end user. 
 
 Despite having a high percentage of inert content, most spent DE filter cake samples have 
reasonably high fuel heating values that are comparable to biomass fuel sources. Some industrial 
end users have tried to combust the spent DE in solid fuel boilers, but this practice is not 
common, possibly because of the increased risk of fouling from the high inert/ash content of the 
spent DE. 
 
 In a previous phase of this project, the suitability of using spent DE filter cake as a 
gasification fuel was evaluated as a means to reduce the mass of waste material and recover 
otherwise wasted energy potential. Gasification of the spent DE appeared to be an attractive 
option since the technology is scalable and can be distributed to the point of DE use. Frequently, 
the end users of DE are also intense consumers of energy, and there would be a ready need for 
electrical power or fuel gas that could be used in modified natural gas combustion equipment. 
The first phase consisted of testing several samples of spent DE in one of the EERC’s fluidized-
bed gasifiers; it was concluded that there were no insurmountable challenges to gasifying spent 
DE and recovering energy as a fuel gas. 
 
 The objective of this follow-on project was to perform a detailed evaluation for a targeted 
application of spent DE gasification. The chosen application was the on-site processing of spent 
DE filter cake from oil-based processing. Oil processing, including bio-based edible and fuel 
oils, represents a significant market share, and it produces a spent DE filter cake that has good 
fuel characteristics. The oil-based spent DE application was selected based on an analysis of the 
Phase I gasification test results, an evaluation of the residual ash from those tests, and a review 
of the DE market segments. 
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BACKGROUND 
 
 The primary design objectives for the on-site processing option included 1) reduction of 
the spent DE filter cake by reducing the mass of the spent DE and removing any hazardous 
nature of the material through thermal processing; 2) recovery of a portion of the fuel value of 
the spent DE as a fuel gas that can be combusted in suitably converted combustion equipment, 
e.g., boilers, furnaces, etc., or in generators to produce electric power; and 3) operation simply 
and reliably at a scale appropriate to on-site use at end-user locations. In addition, the system 
should provide predictable performance for long periods of unattended operation, and it should 
not present a significant burden to the end user. 
 
 In order to meet the design objectives for the spent DE-processing system, the EERC 
pursued the applicability of an indirectly heated pyrogasification unit. Compared to a directly 
heated gasifier, an indirect design transfers the thermal energy needed for pyrolysis and 
gasification through the walls of the reactor, instead of directly generating heat within the reactor 
by partial combustion of the fuel. This design is a feasible option for this case since the oil-based 
DE, with its high volatile content, is amenable to processing through indirect heating. Additional 
advantages of the indirectly heated design are outlined below. 
 
 Indirect heating of the fuel reduces dilution of the fuel gas, which results in a higher-
heating-value gas. 
 
 External heat transfer reduces the need for significant convective flow through the fuel, 
which reduces fine particle entrainment in the fuel gas. 
 
 In the indirectly heated system, the supply of thermal energy is decoupled from the 
movement of fuel through the reactor, making control of the overall system more simple. This is 
a critical design feature for unattended operation. 
 
 The key disadvantage of this approach is that the overall energy efficiency of an indirectly 
heated reactor is typically lower than a directly heated counterpart. This is the underlying reason 
why this design is not traditionally applied to power production applications; however, the 
design provides important advantages for on-site DE processing where waste reduction and 
reliability rank higher in comparison to absolute fuel utilization efficiency. 
 
 A general schematic of the process is shown in Figure 1.1-1, which shows the reactor 
inside of a gas-fired furnace for heating. Under normal operation, the furnace will use a fraction 
of the produced fuel gas to supply heat to the reactor. When starting cold, however, external heat 
will need to be supplied, most likely by switching to backup natural gas or another heat source. 
Spent DE will be supplied to the reactor using existing on-site conveying systems which will 
drop material into a reactor feed mechanism. While not shown in detail in Figure 1.1-1, this feed 
mechanism will use a mechanical conveying device to continuously move DE into, through, and 
out of the reactor. Processed ash will leave the reactor where it will be sent for disposal or 
secondary uses. Oxidant injection into the reactor is shown as an option depending on the desired 
operating conditions; the system could operate without oxidant in a pyrolysis-only mode or with 
oxidant injection to enable gasification reactions. Any excess fuel gas not needed for maintaining  
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Figure 1.1-1. Conceptual process diagram for the proposed pyrogasification system. 
 
 
the reactor temperature would be combusted and used to supply thermal energy for other 
processes.  
 
 
GOAL 
 
 The overall goal for this follow-on project was to demonstrate and collect design data for 
an on-site processing option for oil-based, spent DE. 
 
 
EXPERIMENTAL 
 

Experimental Test System 
 
 Testing was performed with an externally heated auger reactor shown schematically in 
Figure 1.1-2 and from an endwise perspective in the photograph of Figure 1.1-3. In this design, 
fuel was conveyed through the heated zone by a rotating auger. For this testing, heat was 
provided by electrical resistance heaters surrounding the reactor vessel, but in the actual 
application, heat would be generated externally from the combustion of a slipstream of the 
produced fuel gas. Additionally, while this reactor used a rotating auger to convey material 
through the reactor, in practice, other designs could be explored such as a moving grate or rotary 
kiln. 
 
 As shown in Figure 1.1-2, spent DE entered at one end of the reactor, and at the same end, 
nitrogen gas was also injected to convey the produced gas out of the reactor and into the cleanup 
system. When air was injected for oxidant testing, three locations were used as shown in the  
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Figure 1.1-2. Auger reactor schematic (GC is gas chromatograph). 
 
 
 
 

 
 

Figure 1.1-3. View of the auger reactor from the feed end. 
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figure. One location was at the entrance end of the reactor, and the two additional ones were into 
the bottom of the reactor at distances roughly one-third and two-thirds the length of the reactor 
from the entrance. After the processed DE was conveyed through the reactor, the ash was 
separated from the fuel gas by dropping into an ash collection hopper. The gas was conducted 
through a heated line to a fine particulate filtering stage and then through several stages of 
condensate traps to remove any condensable vapors. The heated condenser shown in  
Figure 1.1-2 was only used for the tar condensation-versus-temperature test series. 
 
 Spent DE filter cake was metered into the reactor using a custom piston feeder equipped 
with a rotating scraper to break up the cake, as shown in Figure 1.1-4. It was difficult to feed 
material into the reactor consistently with standard auger-style feeders since the material was 
slightly cohesive and would eventually stick to the auger and rotate with it instead of being 
pushed out. The spent DE could be extruded under slight pressure; however, this tended to turn 
the material from a loose powder to a cohesive, doughlike mass. This state of the material was 
determined to be unsuitable for thermal processing since it flowed like a thick liquid as it 
degassed volatiles and the remaining ash was dense and could conform to surfaces within the 
reactor and become trapped. 
 
 Testing consisted of a parametric evaluation of the pyrogasification processing of spent DE 
and further in-depth analysis of a selected operating condition. Reactor operating parameters 
included the reactor temperature, fuel residence time, oxidant (none, steam, and air), and oxidant 
injection location. A summary of the parametric testing is presented in Table 1.1-1. 
 
 For each test, the inputs of fuel, carrier gas, and oxidant were quantified along with the 
system outputs of fuel gas, condensed vapors, and ash. Fuel input rate was determined by loss-in-
weight measurements of the feeder made before and after refilling the piston. Standard fuel 
analyses were performed on the spent DE itself, including heating value determination and the  
 
 

 
 

Figure 1.1-4. Rotating scraper inside the piston feeder.  
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Table 1.1-1. Parametric Test Conditions 
 
Test ID 

Reactor 
Temperature, °C 

Fuel Residence 
Time, min 

Carrier 
Gas/Oxidant 

 
Oxidant Location 

A-1 450 5 N2 carrier only NA1 
A-2 450 10 N2 carrier only NA 
A-3 450 15 N2 carrier only NA 
A-4 450 20 N2 carrier only NA 
A-5 450 5 N2 carrier only NA 
B-1 700 5 N2 carrier only NA 
B-2 700 10 N2 carrier only NA 
B-3 700 10 N2/H2O Liquid mixed with 

fuel, 10% by mass 
B-5 700 20 N2 carrier only NA 
C-1 700 10 N2/air Reactor entrance 
C-2 700 10 Air only Reactor entrance 
C-3 700 10 N2/air Into ⅓ L port 
C-4 700 10 N2/air Into ⅔ L port 
1 Not applicable. 
 
 
proximate and ultimate compositions. Nitrogen carrier gas and air injection flow rates were 
monitored by calibrated mass flow controllers. 
 
 As for process outputs, gravimetric measurements were made of the condensed vapors and 
ash each time their respective collection vessels were emptied. Select condensate samples were 
also submitted for GC–mass spectroscopy (MS) analysis to identify composition. Ash samples 
were submitted for loss-on-ignition (LOI) determination to quantify the amount of residual fuel 
on the DE substrate after thermal processing. The analyzed ash samples were collected during 
steady-state operating periods once the reactor had completely filled with spent DE and the gas 
composition stabilized. The reactor was emptied between each change in operating conditions. 
Very little fly ash was recovered from the particulate filter; therefore, this material was collected 
and weighed over several test periods. The amount collected did not significantly affect the mass 
balance of individual tests. 
 
 Following the gas cleanup train, the volume flow rate of the dry fuel gas was measured 
with a displacement gas meter. A slipstream of this gas was taken after the volume flow 
measurement and analyzed in a process GC to determine its composition. To verify operation of 
the process GC and increase component resolution, periodic bag samples were collected at the 
dry gas meter inlet and analyzed with a laboratory GC calibrated for a wider range of organic 
constituents. 
 
 Electric power to the reactor was recorded during each test. Postprocessing of the power 
data was used to provide an estimate of the energy needed to sustain the thermal processing. 
Heat loss to the ambient was negated by comparing the power draw during testing to baseline 
periods when the reactor was empty. 
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 In addition to the parametric evaluation of the pyrogasification process, an individual 
operating condition was examined in more detail to collect design-relevant information, 
including the condensation profile of the condensable organic components, and the distribution 
of key trace elements throughout the system. For the condensation profile measurements, the 
heated condensate trap shown in Figure 1.1-2 was used to collect condensable samples as a 
function of condenser temperature. The trace element balance was performed by analyzing 
samples of the spent DE, ash, and condensed liquids for eight metals covered under the Resource 
Conservation and Recovery Act (RCRA): arsenic, barium, cadmium, chromium, lead, mercury, 
selenium, and silver. Corresponding gas-phase metal sampling was not conducted. The 
concentration of each element detected was scaled by the overall mass balance to obtain a sense 
of the trace element distribution within the process. 
 
 
RESULTS AND DISCUSSION 
 

Fuel Data 
 
 Standard fuel data for the spent filter cake are shown in Table 1.1-2. As expected for this 
oil-based spent DE, the proximate analysis indicates that it was essentially a combination of 
volatile matter with a high percentage of the inorganic DE substrate ash. Very little fixed carbon 
was identified, which is consistent with the hydrocarbon nature of the residual fuel. The 
nonvolatile ash composition from Table 1.1-2, roughly 55%, defines the limiting mass 
conversion that is possible during thermal processing. In terms of loss on ignition (LOI) 
measurements of the processed ash, the possible range of outcomes is then 0% to roughly 45%, 
representing complete to zero conversion. 
 
 The heating value in Table 1.1-2 represents an average for the entire composition of 
volatile and nonvolatile constituents. Since only 45% of the spent DE is actually responsible for 
the energy content, the effective heating value for this portion alone is approximately  
16,000 Btu/lb, roughly 85% of what would be expected for a typical fuel oil. 
 
 

Table 1.1-2. Fuel Analysis for the Spent DE 
Proximate Composition 

Moisture, % 0.51 
Volatiles, % 43.78 
Fixed C, % 0.59 
Ash, % 55.13 

Ultimate Composition 
H, % 5.03 
C, % 33.60 
N, % 0.00 
S, % 0.70 
O, % 5.54 

Heating Value, Btu/lb 7224 
Note: All values are on an as-received basis. 
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 A sample of the spent DE was also analyzed using a thermogravimetric analyzer, and the 
summary data are presented in Table 1.1-3. To collect these data, the spent DE sample was held 
under nitrogen at the equilibrium temperature indicated until its weight stabilized. The stabilized 
weight and starting weight values were then used to compute the equivalent LOI value shown in 
the table. Between stabilization periods, the analyzer was programmed to provide a relatively 
slow heating rate (5°C/minute) to reach the next temperature. Under these near-equilibrium 
conditions, most of the residual fuel components were shown to devolatilize by 400°C. 
 

Parametric Test Results 
 
 The combined effects of reactor temperature and fuel residence time are shown in  
Figure 1.1-5, which is a plot of the resulting ash LOI as a function of the residence time for both 
reactor temperatures considered. Also plotted in Figure 1.1-5 is the fuel’s starting LOI value that 
represents zero conversion during thermal processing. Complete conversion of the fuel  
 
 

Table 1.1-3. Thermogravimetric Analysis Summary  
for the Spent DE 
Equilibrium Temperature, °C Equivalent LOI, % 
200 29.1 
300 12.6 
400 2.6 
500 0.0 

 
 

 
 

Figure 1.1-5. Reactor temperature and residence time parametric test results.  
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components would result in an LOI value of zero. The minimum reactor temperature of 450°C 
was selected as a starting point based on the thermogravimetric analysis. However, in the 
pyrogasification reactor, the heating rates are substantially higher and the residual oil is not 
allowed to volatilize along an equilibrium path; instead, the material begins to pyrolyze and 
leave behind char that is stable at elevated temperatures. As the residence time is increased 
beyond 10 min for the 450°C case, this char is slowly converted with extended time in the 
reactor. At the higher reactor temperature of 700°C, there is some increase in conversion 
between 5 and 10 min of residence time, but beyond 10 min, it appears that an equilibrium is 
reached and no further conversion takes place. 
 
 The other comparison to be made with the reactor temperature data regards composition of 
the fuel gas, which is summarized in Table 1.1-4. The data show that the fuel gas produced with 
the 450°C reactor was lean in terms of combustible constituents compared to the 700°C fuel gas. 
Additionally, the 450°C case had three times the amount of tars captured in the condensate traps 
compared to the higher-temperature condition. Given the higher-quality gas composition and 
reduced tar content of the 700°C case, it was decided to perform oxidant evaluation at this 
reactor temperature. A 10-min reactor residence time was also used since this appeared to be 
sufficient to reach equilibrium fuel conversion. 
 
 Various forms of oxidant injection were tested and evaluated on the basis of ash LOI. 
These results are summarized in Figure 1.1-6, which also includes the pyrolysis reference test 
ash LOI. Steam was evaluated in the form of added water mixed with the spent DE. The concept 
was for the water to vaporize in the reactor entrance and be available for char oxidation in later 
sections of the reactor. According to Figure 1.1-6, this had only a minor effect on converting 
additional char on the ash compared to the pyrolysis case. 
 
 

Table 1.1-4. Dry Fuel Gas Composition and Tar Production  
for the 450°C and 700°C Reactor Temperature Cases (5-minute  
residence time and N2 carrier only) 
 
Gas Component, vol% 

Reactor Temperature 
450°C 700°C 

H2 1.42 12.6 
CO 0.045 0.965 
CH4 1.09 8.57 
C2H4 1.09 9.75 
C2H6 0.808 1.50 
C3H6 0.94 1.66 
C3H8 0.365 0.0775 
H2S 0 0 
COS 0 0 
CO2 0.144 1.28 
O2 0.026 0.008 
N2 (balance) 90.6 65.3 
Tar Content, % of inlet fuel  
  feed mass 

14.5 4.7 
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Figure 1.1-6. Comparison of ash LOI values for the oxidant testing  
(700°C reactor temperature and 10-min residence time). 

 
 
 Air injection was also examined, and, according to Figure 1.1-6, the location of air 
injection did impact the effectiveness of additional char conversion. Air injection at the reactor 
entrance appeared to simply react with the fuel gases and have little interaction with the residual 
ash, as evidenced by the increased LOI value. However, air injection from the bottom of the 
reactor was forced to flow through the ash and was found to reduce LOI values relative to the 
pyrolysis case for both injection points. The injection point located approximately one-third the 
reactor length into the reactor (or the ⅓ L location) was the preferred injection point that resulted 
in the lowest ash LOI observed during these tests. 
 

Mass and Energy Balances 
 
 Both the pyrolysis condition and the ⅓ L air injection condition were selected for more 
detailed mass and energy balance calculations. A comparison of the fuel gas produced for each 
set of operating conditions is shown in Table 1.1-5. The breakdowns in Table 1.1-5 have been 
normalized for a consistent fuel feed and equivalent injected gas mass flow rates (i.e., N2 carrier 
gas for the pyrolysis case and the combination of N2 carrier and air for the oxidant injection 
case). 
 
 Both fuel gases in Table 1.1-5 have significant content of higher hydrocarbon gases, 
indicating that limited cracking of the residual oil took place. The air injection case shows 
evidence of some gasification reactions occurring based on increased H2 and CO content; there is  
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Table 1.1-5. Dry Fuel Gas Compositions for the Selected Conditions  
(common conditions include 700°C reactor temperature and 10-min 
residence time) 
Gas Component, vol% Pyrolysis Air at ⅓ L 
H2 6.25 8.25 
CO 0.001 5.05 
CH4 12.5 10.1 
C2H4 9.36 7.93 
C2H6 1.98 0.743 
C3H6 2.24 0.624 
C3H8 0.116 0.021 
H2S 0 0.006 
COS 0 0.001 
CO2 1.82 7.26 
O2 0.006 0.436 
N2 (balance) 65.7 55.6 

 
 
also evidence of combustion and presumed heat release within the reactor with air injection 
based on the elevated CO2. 
 
 Heating value data for both fuel gases are summarized in Table 1.1-6 along with methane 
reference data. The pyrolysis fuel gas heating value is approximately 30% higher than that with 
air injection because of the consumption of some fuel gas components by combustion with the 
air. Compared to methane, both fuel gases are substantially lower in heating value; however, the 
fuel gases require less stoichiometric air for complete combustion than does methane, so the 
resulting energy content for mixtures of combustion air and fuel gas compare more favorably 
than their heating values would indicate to an equivalent mixture for methane. This implies that 
equipment designed for natural gas could potentially be retrofitted to use pyrogasification fuel 
gas with minimal derating. 
 
 Mass balance calculations for the two test conditions of interest are summarized in  
Table 1.1-7. Each of the process inlet and outlet streams have been normalized to the mass flow 
rate of spent DE entering the reactor. For both cases, the fuel feed is, therefore, 100%, and total  
 
 
Table 1.1-6. Fuel Gas Heating Value Data 
 Pyrolysis Air at ⅓ L Methane 
Higher Heating 
  Value, MJ/dsm3 

14.4 11.2 37.7 

Stoichiometric 
  Air:Fuel Ratio, m3/m3 

3.5 2.7 9.5 

% of Methane–Air 
  Energy Content 

89 85 100 
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Table 1.1-7. Mass Balance Data for Select Spent DE-Processing Conditions 
  700°C Pyrolysis, % Air at ⅓ L, % 
Inputs Fuel 100 100 
 Carrier Gases 

  N2 
 

57 
 

31 
   Air 0 26 
Outputs Ash 60 56 
 Condensable 5.9 6.3 
 Fuel Gas 79 86 
Closure Out/In, % 92 94 

 
 
mass flow rate of injected gases is 57% of the mass flow rate of the entering fuel. Differences 
between the pyrolysis and air injection cases arise in the distribution of output products; during 
air injection, the amount of ash LOI was reduced and this boosted the amount of gas produced 
compared to the pyrolysis case. The quantity of condensable tars was comparable for both sets of 
operating conditions. Additionally, GC–MS analysis of the tar samples showed that they had 
very similar compositions, indicating that air injection had little impact on the heavier organic 
compounds produced. 
 
 The analogous energy balance for the two operating conditions is summarized in  
Table 1.1-8. In a similar manner to the mass balance of Table 1.1-7, energy flow through the 
system has been normalized to the energy content of the input spent DE. The processing energy 
component represents the energy consumed (or released) by the reactor during processing and 
was based on integrating the reactor’s electrical power consumption data during steady-state 
periods for each test condition and subtracting the baseline power needed to counteract heat loss 
to the environment. The pyrolysis case had a positive value of processing energy input, meaning 
that it was an endothermic process, but the case with air injection had a negative value, 
indicating that air supported partial combustion of the fuel products, and heat was released 
directly within the reactor so that less electrical energy was required during air testing to 
maintain temperature. 
 
 On the output side of the energy balance in Table 1.1-8, the increased LOI associated with 
the pyrolysis ash means that more energy potential was carried away with this stream. The 
energy associated with both condensable streams is similar, as expected, given their similar mass  
 
 

Table 1.1-8. Energy Balance Data for Select Spent DE Processing Conditions 
  700°C Pyrolysis, % Air at ⅓ L, % 
Energy In Fuel 100 100 
 Processing 

  Energy 
8.2 −8.6 

Energy Out Ash LOI 13 7.0 
 Condensable 12 13 
 Fuel Gas 79 65 
Closure Out/In, % 96 93 
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flow rates and organic composition. According to the fuel gas energy values, more energy 
potential was represented in the pyrolysis fuel gas than that with air injection. This highlights the 
fact that external energy was used to drive the pyrolysis processing; no fuel components were 
consumed to supply heat and, therefore, more energy was embodied in the fuel gas. This is 
unlike the case with air injection, where some of the fuel was consumed in the reactor and this 
energy does not show up in the fuel gas stream. Furthermore, the negative processing energy 
value for the air injection case suggests that excess energy release took place beyond that which 
would be required for self-sustaining operation. For the pyrolysis case to be energy self-
sufficient, a portion of the fuel gas would need to be routed back to supply heat to the reactor. An 
approximate net fuel gas energy value of 71% was estimated by subtracting the pyrolysis 
processing energy from the fuel gas energy content. 
 

Ash Characteristics 
 
 The average bulk density for the spent DE was approximately 700 kg/m3, and the 
measured bulk density of the resulting ash was roughly 400 kg/m3. This results in an average 
mass reduction per unit volume of 57%, which is in good agreement with the normalized mass 
flows of ash discussed in Table 1.1-7. These observations suggest that the change in density can 
be almost entirely accounted for by the mass lost during thermal conversion and not to an 
underlying densification or structural change to the substrate DE. The practical implication is 
that the spent DE underwent very little, if any, change in size and the processed ash occupies 
essentially the same volume as the starting material. Therefore, while thermal processing can 
reduce mass-based disposal charges, it will not necessarily reduce landfill volume or the number 
of transport loads. 
 
 Melting of the ash in a slagging-type reactor could be pursued to reduce the volume flow 
of ash. To estimate the potential volume reduction, a sample of the spent DE ash was melted at 
1450°C. The melted residue occupied only 9% of the ash’s starting volume. The additional 
energy needed to melt the ash was estimated to be 1100 kJ/kg, or roughly 7% of the spent DE’s 
input fuel value. Melting would, therefore, decrease the recovered energy value by at least 7%; 
this increase in parasitic energy consumption would need to be weighed against the benefits of 
reduced volume flow of the ash and the elimination of all residual fuel components. 
 
 All of the conditions tested resulted in some residual fuel on the substrate DE in the form 
of a solid char. Even though it is a small mass percentage, this remaining char leaves the ash 
thoroughly gray-black in color, as indicated by the photographs in Figure 1.1-7. Given that 
gasification and pyrolysis are not unlike the production processes for producing activated 
carbons and that some chars have been found to be useful as low-grade sorbents, it is possible 
that the char-coated DE ash has some value as a sorbent. 
 
 Screening tests were conducted with the ash to evaluate its potential as a mercury sorbent 
for coal-fired flue gases. This application would be a relatively high value secondary use for the 
ash that could improve the economic viability of on-site spent DE processing. The screening, 
described in Appendix A, showed that the ash was somewhat reactive toward mercury vapor, but  
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Figure 1.1-7. Starting spent DE fuel (left) and resulting ash from air injection testing (right). 
 
 
noticeably less than a commercial carbon used for mercury removal. However, other ash from a 
different spent DE feedstock was found to have mercury reactivity comparable to the 
commercial carbon. 
 

Particulate Entrainment 
 
 Entrained particulate loading in the fuel gas was too low to determine accurately for 
individual tests, so the material was collected as a composite over multiple test conditions. 
Approximately 0.1% of the fuel feed was detected as ash in the particulate filter. The particle-
size distribution was determined for a sample of the collected ash and is shown in Figure 1.1-8 
on a volume distribution basis. As shown in the figure, the bulk of the particulates were below  
30 µm in size. The collected particulates probably became entrained in one of two ways; some of 
the smaller particles could have been entrained directly by the gas from the surface of the fuel in 
the reactor. The remaining particles may have been entrained as the ash drops into the collection 
canister at the end of the auger and creates a dislodged cloud of particulates. Regardless, the 
formation of entrained particulates seems minimal for this style of reactor, but a different style of 
indirectly heated reactor, e.g., a rotary kiln, may produce more entrainment because of the more 
vigorous tumbling of the ash. 
 

Condensable Organic Vapor Loading 
 
 These compounds, generically referred to as tars, are heavier-molecular-weight compounds 
that exist as a vapor at reactor exit temperatures but begin to condense as the fuel gas is cooled. 
The oil-based spent DE (in combination with the reactor design) produced a significant fraction 
of these compounds during pyrogasification processing. For the intended purpose of combusting 
the fuel gas to recover heat, these compounds can simply be burned where they contribute to  
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Figure 1.1-8. Particle-size distribution for the filter vessel ash. 
 
 
energy recovery. Removal of the tars would take out an appreciable amount of energy from the 
fuel gas and could create a disposal problem since some of the tar compounds are considered 
hazardous. 
 
 Because tar condensation should be avoided in future system designs, the tar condensation 
profile for the 700°C pyrolysis condition was measured using the heated condenser stage shown 
in Figure 1.1-2. In this arrangement, the heated condenser captured the least volatile tar 
constituents according to its temperature set point. The remaining tar constituents were then 
captured as normal in the water-cooled condensers. Overall conservation of condensable matter 
was good for these tests, i.e., the combined total for the condensed material remained relatively 
constant on a per-unit-of-fuel-feed basis. 
 
 The tar condensation data are summarized in Figure 1.1-9, which is a plot of the 
normalized tar mass loading as a function of gas temperature exiting the heated condenser. Tar 
loading is expressed as a percentage of the total tars collected at an approximate temperature of 
15°C. The overall trend in Figure 1.1-9 is that the quantity of tars collected at 15°C rapidly 
decreases as the fuel gas temperature is raised to approximately 70°C; above 70°C, tar collection 
decreases more slowly. A specific limiting temperature above which no tars were detected was 
not identified. Instead, the final data point at 400°C was selected as a conservative zero value 
since the gas cleanup train of the laboratory system operated at that temperature and no ill effects 
of tar condensation were observed. For engineering purposes, the fuel gas should be kept above 
100°C minimum, and 200°C is probably preferable to avoid condensation. 
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Figure 1.1-9. Condensable vapor (tar) mass loading in the 700°C pyrolysis fuel gas. 
 
 

Trace Element Distribution 
 
 A partial trace element balance was determined across the pyrogasification process in order 
to identify potential emission and/or disposal issues. Trace elements of interest were selected 
from those regulated by RCRA and included arsenic, barium, cadmium, chromium, lead, 
mercury, selenium, and silver. Samples of the fuel, ash, and condensed tars were analyzed for 
these trace elements. The fuel gas was not sampled because the added value of these data was not 
justified given the cost associated with gas stream sampling. The raw concentration data are 
summarized in Table 1.1-9 for each sample stream. Several of the measurements fell below the 
available detection limits; for those cases, the minimum detectable level is shown in Table 1.1-9 
and is identified by the “less-than” symbol. 
 
 

Table 1.1-9. Trace Element Concentration Data for the 700°C Pyrolysis Condition 
 
Element 

Concentration in 
Spent DE, ppm 

Concentration 
in Ash, ppm 

Concentration in 
Condensate, ppm 

As 1.6 3.2 < 0.1 
Ba 54.1 89.4 < 0.5 
Cd <0.2 < 0.2 2.01 
Cr 14.6 28.3 8.92 
Pb 1.8 2.5 1.45 
Hg <0.02 0.0323 0.0341 
Se 0.54 < 0.5 1.62 
Ag <0.2 < 0.2 < 0.05 
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 A more insightful form of the trace element data is provided in Table 1.1-10, which 
presents the concentration data scaled according to the mass flow rate of each stream, i.e., fuel, 
ash, or condensate. By default, the amount of each trace element entering the system with the 
spent DE was normalized to 100%. Ideally, the ash and condensate outlet streams should sum to 
100% (or less considering that some elements could have been transported in the fuel gas). In 
some cases, the outlet totals sum to greater than 100%, which is not physically possible, but is 
instead a reflection of the uncertainty associated with 1) how well the analyzed samples represent 
the process stream as a whole, 2) the accuracy of determining the trace element concentration in 
the different sample matrices, and 3) the accuracy of the mass balance used for scaling. The 
EERC routinely performs mercury mass balances across laboratory- and pilot-scale equipment, 
and closures within ±20% are considered good given these sources of error. 
 
 Overall, the distribution data of Table 1.1-10 suggest that the majority of elements detected 
in the spent DE remained with the ash during processing. Possible exceptions include cadmium 
and selenium, which were not able to be quantified in the ash, but were detected in the 
condensed tar. However, the poor recovery of selenium, even in the tar, may indicate that a 
portion of it remained as a vapor and was transported away with the fuel gas. 
 
 To determine if the ash will present disposal issues because of its trace element content, 
one of the commercial partners, had a toxicity characteristic leaching procedure test performed 
on a sample of the ash. It was determined that the ash did not possess characteristics that would 
place it in a hazardous waste category.  
 

Economic Analysis 
 
 Economic costs and benefits were incorporated with the process results to identify the 
potential viability of pyrogasification treatment and areas sensitive to improvement. Two system 
configurations were considered and are shown schematically in Figure 1.1-10. The modeled 
thermal system processed the spent DE to produce a fuel gas that was assumed to be combusted 
in an existing, but appropriately modified, boiler to displace natural gas consumption. In the  
 
 

Table 1.1-10. Mass Flow Normalized Trace Element Distribution Data* 
Element Fuel In, % Ash Out, % Condensate Out, % 
As 100 120.1 <0.4 
Ba 100 99.2 <0.1 
Cd <100 <60.0 59.4 
Cr 100 116.4 3.6 
Pb 100 83.4 4.8 
Hg <100 96.9 10.1 
Se 100 <55.6 17.7 
Ag <100 <60.0 <1.5 
* Outlet mass balance figures that are greater than or sum to greater than 100% reflect the inaccuracies 

discussed in the text. 
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Figure 1.1-10. Evaluated process options: a) thermal system and b) electric system. 
 
 
electric system, fuel gas was fed to a suitable engine–generator to cogenerate electricity and 
recovered heat. The generator was assumed to be purchased new along with the spent DE-
processing system. 
 
 Specific economic parameter assumptions are summarized in Table 1.1-11. The specified 
throughput of the system equates roughly to an annual production of 10,000 tons/yr of spent DE. 
Energy, disposal, and labor costs were selected to be representative of a large part of the U.S. 
market. System parameter estimates were based on the observed results from the auger reactor 
testing; however, some figures have been refined to reflect expected performance deviations due 
to scale-up and further optimization of the technology. Capital costs for both systems are based 
on estimates prepared at the EERC for similar close-coupled gasification–combustion equipment 
and fuel gas-fired engine–generators. The thermal system was assumed to produce a particulate-
filtered fuel gas containing tars to supply a suitably modified natural gas boiler. Boiler 
performance has been derated by a factor of 0.90 to account for performance with the substitute 
fuel, as indicated in Table 1.1-11. Some allowance has been included in the thermal system 
capital cost to account for the required fuel gas transport piping and burner modifications. 
Parasitic electrical power for operation of the pyrogasification system was estimated to be 10% 
of the equivalent amount of electricity that could be produced with the system. For the thermal 
system, parasitic power was purchased at the assumed electricity cost. 
 
 The electric system was assumed to use the same thermal fuel gas production system to 
supply an engine–generator for electricity production. However, many of the tars present in the 
fuel gas that could simply be burned in the thermal system would likely need to be removed or 
cracked in a secondary reactor to avoid fouling of the engine. Because of this, the capital cost for 
the electric system includes not only the added cost for the engine–generator but also an estimate 
for the additional fuel-processing requirements. The cogenerated heat from the engine–generator 
was modeled as a hot-water loop that collected heat from various points on the engine. These 
points could include the exhaust gas, engine block coolant, turbocharger intercooler stages, and 
lube oil systems. Specific configurations depend on the manufacturer, but these heat recovery  
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Table 1.1-11. Input Assumptions for Economic Analysis 
Site Information  
Natural Gas Cost $4.67/MMBtu 
Electricity Cost $0.0455/kWh 
Disposal Cost for Spent DE $52.5/ton 
Disposal Cost for Processed Ash $52.5/ton 
Operations Labor, includes overhead $41/hr 
Mechanic Labor, includes overhead $42/hr 
  
System Parameters  
Spent DE Throughput 2550 lb/hr 
Annual System Capacity Factor 0.95 
Ash Fraction of Processed DE, 
  ash and unconverted fuel residual 

0.58 

Net Processing Conversion Efficiency, spent DE 
  fuel value manifested as fuel gas and tars 

0.75 

  
Thermal System Parameters  
Fuel Gas-Fired Boiler Derating 0.90 
Capital Cost Estimate $750 per kWth of rated output 
  
Electrical System Parameters  
Fuel Gas to Electricity Conversion 0.36 
Fuel Gas to Recovered Heat Conversion 0.45 
Recovered Heat Natural Gas Value Fraction 0.25 
Capital Cost Estimate $3480 per kWe of rated output 
  
Common Parameters  
Installation Costs 20% of required capital 
Annual Operations and Maintenance Charges, 
  no labor 

2% of required capital 

Parasitic Power Consumption 10% of equivalent electric output 
 
 
systems are typically limited to hot-water supply temperatures of 90°C (194°F). Because of the 
limitations associated with the recovered heat, it has been modeled to be worth only 25% of the 
value of the equivalent amount of natural gas energy as indicated in Table 1.1-11. Parasitic 
power consumption was deducted from the generator output for the electric system. 
 
 The evaluation started with identifying profitable labor scenarios for the technology by 
considering the debt-free cost of energy production. The results are summarized in  
Table 1.1-12. Labor scenarios cover operators for three-shift operation, 7 days a week, and 
mechanics for a single shift, 5 days a week. Labor Scenario 1 assigns two full-time operators and 
two full-time mechanics to the operation of the processing system. This scenario represents the 
maximum staffing commitment needed to provide reliable personnel coverage over the course of  
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Table 1.1-12. Baseline Cost Breakdown for the Thermal and Electrical System 
Configurations 

 Thermal System Electric System 
System Capital Cost $3.02 million $5.05 million 
Installation Cost $604,000 $1.01 million 
   
System Energy Production Rating 12.4 MMBtu/hr 1.30 MWe 
Annual Net Energy Production 103,000 MMBtu equivalent 10,800,000 kWh 
Annual Recovered Heat N/A 12,900 MMBtu equivalent 
Displaced Energy Annual Revenue $483,000 $554,000 
Parasitic Power Annual Costs $54,900 N/A 
Operation and Maintenance Cost $60,400 $101,000 
   
Ash Disposal Annual Cost $323,000 $323,000 
Net Disposal Annual Savings $234,000 $234,000 
   
Scenario 1 Annual Labor: 
  8 hr/Shift for Two Operators 
  2000 Annual hr for  
  Two Mechanics 

$857,000 $857,000 

Scenario 2 Annual Labor: 
  2 hr/Shift for One Operator 
  160 Annual hr for One Mechanic 

$92,800 $92,800 

   
Debt-Free Equivalent Energy 
Production Cost 

  

With Scenario 1 Labor $7.14/MMBtu $0.0611/kWh 
With Scenario 2 Labor −$0.25/MMBtu −$0.0092/kWh 
 
 
a year; it assumes that there would not be plant staff available otherwise. On the other hand, 
Labor Scenario 2 is a more accurate representation of the actual time that is estimated to be 
required for operating and maintaining the thermal processing system. Of course, Labor  
Scenario 2 assumes that available operators are in the plant on a 24-hour/day basis, regardless of 
whether the pyrogasification system is running or not. 
 
 For Labor Scenario 1 in Table 1.1-12, the debt-free (no capital or financing) cost of energy 
production has been calculated for the thermal and electrical systems to be $7.14/MMBtu and 
$0.0611/kWh, respectively. These prices are higher than the site’s cost of energy assumptions in 
Table 1.1-11 and, therefore, indicate that under Labor Scenario 1, the system is not profitable. 
The lower labor cost assumptions of Scenario 2 allow that case to be profitable for both systems; 
the negative energy costs in Table 1.1-12 indicate that the system generates revenue in excess of 
the displaced energy savings on a debt-free basis. 
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 The results in Table 1.1-12 highlight the strong sensitivity to added labor charges and 
indicate that, to be a profitable investment, the attendant labor must be minimized. One of the  
key advantages of the indirectly fired processing system is that operation is simplified compared 
to other gasifier types and can be mostly automated for long stretches of unattended operation. 
 
 A sensitivity study of the no-interest payback time was used to evaluate the viability of 
Labor Scenario 2 from Table 1.1-12. The results of this analysis are shown in Figure 1.1-11 for 
the parameters of energy cost, the avoided disposal fee for the spent DE, and the potential 
disposal fee for the processed ash. Baseline payback times are indicated in the figure and were 
7.1 years and 10.2 years for the thermal and electrical systems, respectively. The analysis shows 
that the payback time is most sensitive to decreasing energy costs, which reduces the amount of 
potential revenue that can be generated and lengthens the payback time. Higher energy prices 
reduce the payback time as does increasing the disposal fees for the spent DE. The sensitivity 
curves for the processed ash disposal fee reflect a scenario where thermal processing is 
considered beneficial, and ash disposal costs are lower than for the starting spent DE. These 
curves begin at the baseline payback points and extend to the extremes of zero cost (−100%), 
where the ash is removed with no cost to the plant and even to negative ash costs where the 
leftover material can be sold for a small profit. 
 
 Figure 1.1-11 shows that the thermal system is estimated to have shorter payback periods 
than the electric system for all equivalent parameter changes. Furthermore, the figure indicates 
that attractive payback times for the thermal system are only approached at the extremes of the 
parameter variations. Assuming the U.S. market experiences stable natural gas prices in the 
 
 

 
 

Figure 1.1-11. Sensitivity analysis for the no-interest payback time of  
capital and installation costs. 
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future, the most likely parameter to change drastically on a regional basis is the disposal cost for 
the spent DE. To address the possibility of higher-than-average disposal costs, Table 1.1-13 
presents energy production costs for the thermal system using disposal rates substantially higher 
than those assumed in the baseline analysis. The impact of financing costs have been included in 
Table 1.1-13 by calculating the debt-loaded energy cost assuming 5-year financing with a 6.0% 
interest rate. 
 
 The debt-loaded values in Table 1.1-13 suggest a threshold disposal charge between $125 
and $150 per ton is needed to break even with the baseline natural gas value of $4.67/MMBtu 
under the given financing assumptions. However, in a location with such a high disposal cost, the 
negative debt-free values suggest that the pyrogasification system could be quite profitable. 
 
 
CONCLUSIONS AND RECOMMENDATIONS 
 
 Overall, no insurmountable technical or performance obstacles were observed during the 
pyrogasification of spent DE. The indirectly heated reactor met the goals of reducing the amount 
of spent DE that would need to be sent for disposal, and it produced a fuel gas that could be 
substituted for natural gas with minimal potential derating due to fuel substitution. The system 
was also simple to operate because of the decoupled functions of fuel movement through the 
reactor and reactor temperature regulation. Granted, the tested system was electrically heated for 
simplicity in the laboratory; however, a commercial system would have automated burner 
controls to provide an equivalent level of automatic temperature regulation. 
 
 In addition to the overall performance characteristics, several specific issues regarding the 
pyrogasification of oil-based, spent DE were noted that will need to be addressed in any future 
on-site system design. These technical considerations include the following: 
 

Spent DE Feeding. Consistent feeding of the material into the reactor remains a challenge. 
The laboratory tests resorted to a batch-filled piston feeder in order to get consistent feed 
rates, but this is probably not feasible for a larger-scale, continuous system. 
 
Tar Loading. Given the nature of the fuel and the operation of the indirectly heated 
reactor, the resulting fuel gas contained a significant quantity of condensable organic 
compounds or tars. Transport of the gas could be complicated by the need to keep it hot to 
prevent tar condensation. Cracking of the tars in a secondary reactor could be investigated 
to make the gas easier to transport. 

 
 
Table 1.1-13. Thermal Energy Production Costs for Higher-than-Average Disposal Cost 
Assumptions 
Spent DE Disposal Cost, 
per ton 

Debt-Loaded* Energy 
Production Cost, per MMBtu 

Debt-Free Energy Production 
Cost, per MMBtu 

$125 $4.99 −$3.37 
$150 $3.91 −$4.45 
$175 $2.84 −$5.52 
* Assumes an interest rate of 6.0% over 5 years. 
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Oxidant Injection. The injection of air as an oxidant had beneficial effects on reducing 
the ash LOI; however, it came at the expense of fuel gas quality and overall conversion 
efficiency. This parameter should be optimized if used to reduce ash LOI. 

 
Reactor Design. The auger reactor provided a simple mechanism to convey fuel through 
the reactor with minimal particulate entrainment, but it provided poor gas–solid contact, 
which may have contributed to incomplete char conversion. Other reactor types should at 
least be considered for the design of an on-site system. 

 
 With the expected performance and equipment requirements outlined for spent DE 
processing, a consideration of the constraints of what can be accomplished economically shape 
the recommended path forward for this technology. The economic analysis estimated that the 
process appears to be marginally attractive using typical U.S. market energy and disposal cost 
assumptions. The technology is more viable in applications with higher-than-average energy or 
disposal costs. With future natural gas prices stabilizing or even falling as a result of recent 
increases in U.S. domestic production, the most likely future application for on-site spent DE 
processing appears to be at plants with locally high disposal costs. The threshold disposal cost 
for an economically viable spent DE-processing application is estimated to be in the range of 
$125–$150 a ton or higher. 
 
 For applications targeting these threshold levels of disposal costs, it is recommended that 
options for reducing the volume of the ash be investigated and incorporated with the 
pyrogasification process to increase benefits to the end user. One potential option, melting, could 
significantly reduce the volume flow rate of the processed ash; this would save the client labor 
and transport charges because of a reduced number of waste disposal pickups. Also, melting 
would remove all remaining organic residuals, and this purification could make the ash a by-
product suitable for secondary uses such as road base, concrete fill, etc. A secondary market for 
the ash could turn it into a zero- or negative-cost disposal stream, thereby making on-site 
processing of spent DE even more competitive. 
 
 An alternative to melting the ash is to find a suitable secondary market for the char-coated 
material. Implementation of the U.S. Environmental Protection Agency’s Mercury and Air 
Toxics Standard will generate significant demand for reactive, fine-particle-size mercury 
sorbents. This could be a complementary secondary use for reactive DE ashes since it would 
resolve the issue of final ash disposal and, perhaps, even generate a new revenue stream for the 
client. Given current prices for activated carbon for flue gas mercury control, it is possible that 
the value of the ash as a sorbent would produce more revenue than eliminating landfill fees or 
energy displacement. In that scenario, it may be worth optimizing the on-site spent DE 
processing system to maximize the ash’s sorbent characteristics instead of minimizing its 
residual carbon content as was done in these tests. 
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MERCURY REACTIVITY OF SPENT DIATOMACEOUS EARTH ASH 
 
 
 To comply with the recent U.S. Environmental Protection Agency Mercury and Air Toxics 
Standard, many coal-fired utilities have or will be retrofitting with mercury control technologies. 
The most cost-effective, mercury-specific technology is powdered activated carbon (PAC) 
injection. In this process, PAC is injected directly into the flue gas to absorb gas-phase mercury, 
and it is removed using the plant’s existing particulate control device(s). The process is mass 
transfer-limited since virtually all of the mercury capture takes place in-flight during short 
contact times; therefore, the sorbents need to have a fine particle size and be immediately 
reactive toward mercury, but their mercury capacity is not paramount, as it might be in other 
purification operations. This could be a unique application for char-coated diatomaceous earth 
(DE) ash since the underlying DE structure results in an ideal particle-size distribution, but the 
thin char, while it may be reactive, would not have the capacity to serve as a traditional sorbent. 
 
 Samples of the ash from the pyrogasification of the oil-based spent DE from an EERC 
project and the ash from the maltodextrose-based spent DE sample from another previous project 
were evaluated for mercury vapor reactivity using a laboratory screening procedure developed at 
the EERC by its Center for Air Toxic Metals® Program. 150 mg of each sample was loaded onto 
a 50-mm quartz filter to form a thin bed of the ash. A simulated flue gas mixture containing 
mercury was passed through the thin bed, and mercury vapor breakthrough was recorded by 
monitoring the outlet gas-phase mercury concentration. The gas mixture was intended to 
simulate flue gas from the combustion of a high-sulfur bituminous coal; its specific volume 
composition was 6% O2, 12% CO2, 8% H2O, 1600 ppmv SO2, 400 ppmv NO, 20 ppmv NO2, 50 
ppmv HCl, and a balance of N2. Elemental mercury was spiked into the gas at a concentration of 
10 µg/dsm3. 
 
 Mercury breakthrough results are summarized in Figure A-1.1-1 for the two spent DE ash 
samples and a baseline activated carbon (AC) that is commercially available for PAC injection. 
Bed outlet mercury concentrations are presented as a percentage of the inlet mercury 
concentration. Time zero corresponds to the start of gas flow through the thin bed. All of the 
samples showed some initial degree of mercury capture followed by breakthrough of mercury 
vapor. After breakthrough, some of the effluent mercury values exceed those at the inlet (i.e., 
greater than 100%), which indicates desorption of captured mercury following breakthrough. 
 
 The first and most important indicator of mercury reactivity in the data of Figure A-1.1-1 
is the initial level of mercury capture during the first few minutes of testing. The baseline AC 
achieved a maximum capture of approximately 98%. The maltodextrose ash sample also had a 
good initial reactivity value of approximately 95%. The initial data point for the oil-based sample 
indicated 84% capture, but the removal quickly degraded after that reading. 
 
 A secondary measure of mercury reactivity is provided by the speciation of the effluent 
mercury. The incoming flue gas was spiked with elemental mercury, but mercury is oxidized by 
other flue gas constituents at the AC interface. This mercury oxidation mechanism remains 
active even after breakthrough, and noting the outlet mercury speciation between  
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Figure A-1.1-1. Mercury breakthrough curves for spent DE ash  
samples and a baseline AC. 

 
 
baseline AC data shows that its effluent elemental mercury concentration was low after 
breakthrough, approximately 7%, indicating that the effluent total mercury was overwhelmingly 
oxidized. The maltodextrose ash was also relatively reactive; its elemental mercury effluent 
concentration was approximately 15%. The oil-based sample showed substantially less mercury 
reactivity since approximately 75% of the effluent mercury was in elemental form. 
 
 Mercury absorption capacity is indicated by the area between the breakthrough curve and 
the 100% inlet concentration. Clearly, the baseline AC had the largest capacity for mercury 
absorption, followed by the maltodextrose and then the oil-based samples. For in-flight mercury 
capture to be effective, the mass transfer resistance is minimized by injecting a high load of AC 
relative to the amount of mercury vapor present; therefore, mercury capacity alone is not 
indicative of in-flight capture potential. However, it does correlate to the amount of carbon in 
each sample: the baseline AC had the most (71% loss of ignition [LOI]), the oil-based sample the 
least (9% LOI), and the maltodextrose was in the middle (56% LOI). One of the impurities 
removed by the maltodextrose filter cake was a carbon-based sorbent, which is why this sample 
retained a significant carbon content after thermal processing; it also likely contributed to the 
good mercury reactivity of this ash sample. 
 
 These screening tests suggest that certain ashes from the thermal processing of spent DE 
have mercury capture potential. The oil-based ash was only marginally reactive, and changes to 
the pyrogasification conditions would have to be explored for improvements to sorbent 
properties. On the other hand, the maltodextrose ash was very reactive toward mercury and was 
nearly equivalent to a commercially available carbon, except for a reduced mercury capacity. 
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Since capacity is not a limiting factor for this particular application, the maltodextrose ash could 
probably be substituted for a portion of a power plant’s PAC consumption with little impact to 
mercury removal. However, pilot-scale testing of in-flight capture would be needed to validate 
this hypothesis. 
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SUBTASK 1.2 – EVALUATION OF THE PERFORMANCE OF COAL–BIOMASS 
BLENDS IN THE EERC’S ENTRAINED-FLOW GASIFIER 

 
 
INTRODUCTION 
 
 The EERC completed an evaluation of Indiana No. 5 coal blended with switchgrass in the 
EERC’s small pilot-scale entrained-flow gasifier (EFG). The commercial sponsor of the project 
and the EERC aimed to evaluate the performance of the coal and switchgrass blends on the EFG. 
This evaluation was based on syngas compositions and ash and slag properties at EFG operating 
conditions. Specifically, the ash and slag behavior under different operating conditions of 
temperature and pressure was evaluated. This report details the gasifier setup, operating 
conditions, and results of the testing. 
 
 
GOALS AND OBJECTIVE 
 
 The goal of the proposed project was to conduct gasification of coal–biomass blends in the 
EERC’s EFG. The project objectives were to: 
 

• Evaluate the syngas composition obtained from gasifying 70–30 wt% mixture of 
Indiana No. 5 coal and switchgrass. 

 
• Determine trace metals in the solids. 

 
 
EXPERIMENTAL 
 
 The test plan, as shown in Table 1.2-1, involved three test runs, each 10–12 hr in duration. 
The plan also called for depressurizing the system and emptying the slag pot between each run, 
which takes about 12 hr. Pressure was varied between 150 and 275 psi for the tests, and 
temperature was varied between 1300° and 1500°C. 
 

EFG Test System 
 
 Figure 1.2-1 shows a cross-sectional view of the EFG, which is a dry-feed, downfired 
system. The reactor tube is vertically housed in a pressure vessel approximately 24 in. in 
diameter and 7 ft in length. The EFG fires nominally 8 lb/hr of coal and produces up to 20 scfm 
of fuel gas. The maximum allowable working pressure is 300 psig. The reactor has the capability 
to run in oxygen- or air-blown mode. The supplemental electrical heating system is capable of 
reaching a nominal temperature of 1500°C (2732°F) and is separated into four independent zones 
so that a consistent temperature can be maintained throughout the length of the furnace. The 
radially spaced heating elements provide the initial heat for the centrally located alumina reactor 
tube, and refractory walls outside the heating elements provide insulation. Type S thermocouples 
are used to monitor and control the temperatures of the heating zones and reactor tube. All of the  
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Table 1.2-1. Test Plan for Coal–Biomass Blend Testing at the EERC 

Test 
Temp., 

°C Feedstock Reactant 
Pressure, 

psi 
O/C 

Ratio 
Start with a 

Clean Slag Pot 
Run 

Time, hr 
Gases to Be 
Measured 

Gas-Phase 
Trace Metal 

Measurement 
Solid 

Samples 
1 1500 70–30 

Indiana 
No.5– 

switchgrass 
mixture 

Oxygen 275 1 Yes 10–12 H2, CO, CO2, 
H2O, NH3, 
H2S, HCN 

No Trace 
metals 

analysis at 
the EERC 

              
2 1500 Oxygen 150 1 Yes 10–12 No 
              
3 1300 Oxygen 275 1 Yes 10–12 No 
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Figure 1.2-1. EFG. 
 
 
gasification reactions occur inside the reactor tube, and slag is able to flow on the tube walls. 
Pressure inside the alumina reactor tube is balanced with a slight positive nitrogen pressure 
outside of the alumina reactor tube. 
 
 Pulverized coal is fed into the top of the furnace via a twin-screw feeder and scale 
contained in a pressurized vessel. A lock hopper is in place that allows the system to be refilled 
while running, thereby facilitating continuous-mode operation. Feed rates are calculated in real 
time. The feed system can be run in either volumetric mode or gravimetric mode. Nitrogen or 
syngas is used to convey the solid pulverized coal into the combustion zone. 
 
 Product gas exits at the bottom of the furnace tube and enters a reducing section that 
houses a quench system capable of injecting water, syngas, or nitrogen as the quench fluid. The 
product gas then enters a cross, making a 90° turn, then exits the main unit on its way to the 
back-end control devices. Slag, ash, and char drop through the cross and are collected in a 
refractory-lined slag trap. Fine particulate is able to flow with the gas through the 90° turn and is 
collected in a downstream filter. 
 

System Layout 
 
 The overall system layout and sample points for the test runs are shown in Figure 1.2-2. 
Slag was collected below the gasifier in a refractory-lined slag trap. The system had to be 
depressurized and cooled for slag samples to be collected. Fly ash was captured in the hot-gas 
filter vessel (HGFV) that uses an iron aluminide candle filter, providing near-absolute filtration.  
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Figure 1.2-2. EFG, back-end cleanup, and sample points. 
 
 
Fly ash samples were collected from this vessel while the system was operated by back-pulsing 
the candle and then collecting the ash through lock hoppers. Dräger tube samples were taken in 
the HGFV, measuring for ammonia, HCN, HCl, and H2S. Quench pots are used to remove 
moisture and any tars formed in the system. A gas sample is taken after the back-pressure control 
valve and sent to a dedicated analyzer bank. 
 

Gas Analysis 
 
 Syngas compositions were monitored with two gas analyzers. Sample gas tubing from 
sample ports to the analyzers is polyethylene, with no line longer than 50 ft. Sample gas transit 
times to the analyzers are estimated to be less than 1 min, depending on the individual sample 
gas flow rate. The first analyzer is a laser gas analyzer (LGA) that is capable of detecting and 
measuring the concentration of eight gases at once: H2, CO, CO2, N2, O2, H2S, CH4, and total 
hydrocarbons. The LGA provides real-time feedback of the gas composition and is typically used 
to aid in the control of the system. The second analyzer used is a Varian gas chromatograph (GC) 
equipped with two thermal conductivity (TC) detectors and a pulsed-flame photometric detector 
for ultralow sulfur detection. The first TC detector is dedicated solely to analyzing hydrogen and 
provides three hydrogen measurements for each 15-min analysis cycle. The second detector 
analyzes the gas stream for CO, CO2, N2, O2, H2S, COS, CH4, ethane, ethene, propane, and 
propene. One measurement is provided every 15 min for each of those gases. The third detector 
is capable of ultralow sulfur detection, down to 50 ppb. It provides three H2S and COS 
measurements per 15-min cycle.  
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RESULTS 
 

Fuels Analysis 
 
 The coal and the switchgrass were submitted to the EERC coal laboratory for proximate, 
ultimate, and heating value analysis. The results of the analyses are shown in Table 1.2-2 for the 
coal and Table 1.2-3 for the switchgrass. The Indiana No. 5 fuel has a high heating value, with 
similar amounts of volatile matter and fixed carbon. Moisture and ash are very low, and sulfur is 
high. The switchgrass has a lower heating value and is very high in volatile matter. It has low 
moisture, ash, and sulfur content and is also very high in oxygen. 
 
 

Table 1.2-2. Proximate–Ultimate and Heating Value Analysis of Indiana No. 5 Coal 

 
As-Received, wt% Dry, wt% Dry, Ash-Free, wt% 

Proximate Analysis 
     Moisture 6.72 NA* NA 

  Volatile Matter 40.44 43.35 46.67 
  Fixed Carbon, ind. 46.20 49.53 53.33 
  Ash 6.64 7.12 NA 
Ultimate Analysis 

     Hydrogen 5.68 5.28 5.68 
  Carbon 68.05 72.96 78.55 
  Nitrogen 1.32 1.42 1.53 
  Sulfur 3.95 4.24 4.56 
  Oxygen, ind. 14.35 8.98 9.67 
  Ash 6.64 7.12 NA 
Heating Value, Btu/lb 12,111 12,984 13,979 
* Not applicable. 

 
 

Table 1.2-3. Proximate–Ultimate and Heating Value Analysis of Switchgrass 

 
As-Received, wt% Dry, wt% Dry, Ash-Free, wt% 

Proximate Analysis 
     Moisture 8.13 NA NA 

  Volatile Matter 66.78 72.69 75.57 
  Fixed Carbon, ind. 21.59 23.50 24.43 
  Ash 3.50 3.81 NA 
Ultimate Analysis 

     Hydrogen 5.72 5.24 5.44 
  Carbon 44.81 48.78 50.71 
  Nitrogen 0.26 0.28 0.29 
  Sulfur 0.06 0.07 0.07 
  Oxygen, ind. 45.65 41.83 43.49 
  Ash 3.50 3.81 NA 
Heating Value, Btu/lb 7382 8035 8354 
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 The Indiana No. 5 fuel was also submitted for elemental ash analysis using x-ray 
fluorescence. The results of the analysis are shown in Table 1.2-4. The fuel is relatively high in 
iron content and has some potassium, which helps to lower the melting point of the slag. 
 

Operating Conditions 
 
 The biggest challenge encountered during the gasification of the 70–30 coal–biomass 
blend was the feeding of the fuel. The fuel was shown to have very high caking tendencies and 
proved very difficult to even load through the lock hoppers. By the end of the test, the coal was 
fed in 5-lb batches through the lock hoppers to prevent plugging. Feeding through the feed line 
was also challenging, and the feed line was purged frequently during the first two tests. The 
optimum conditions were found for the third test, and very little feed line plugging occurred. 
However, a feed line plug did occur at the end of that test. 
 
 Table 1.2-5 summarizes the gasifier operating conditions for the three test runs. Steady 
state was reached on the first test just before noon on September 19, 2011. The system was shut 
down for just over 2 hr during the listed run because of a plug in the coal feed line. Occasional 
short-term plugging occurred during the test run as well, but in those cases, the feed line was 
able to be cleared without shutting down the system. The average data reported exclude the 
shutdown time period. Zones 1–4 represent the temperature of the outside of the EFG furnace 
tube. Zone 1 averaged 2576°F during the test period, and Zones 2–4 averaged very close to the 
target temperature of 2732°F. The postquench temperature represents the first syngas 
temperature measurement and is in a location just above the slag pot. The syngas remained above 
the condensation point until it reached the quench pots. The moisture and tars were removed in 
the quench pots before the syngas was sent to the gas analyzers and thermal oxidizer. 
 
 For Test 2, the average temperature was very close to the values in Test 1. Zone 1 was 
slightly cooler and was most likely a result of the faster residence time. The temperatures were 
dropped for Test 3 according to the test plan, and all zones were very close to the set point of  
2372°F. 
 
 

Table 1.2-4. Elemental Ash Analysis of  
the Indiana No. 5 Fuel, wt% 
Oxides 

 SiO2 45.45 
Al2O3 24.23 
Fe2O3 20.93 
TiO2 1.67 
P2O5 0.08 
CaO 1.45 
MgO 1.45 
Na2O 0.67 
K2O 2.95 
SO3 1.11 
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Table 1.2-5. Average Steady-State Operating Conditions 

 
Test 1 Test 2 Test 3 

Start Date 9/19/2011 9/20/2011 10/17/2011 
Data Averages Start Time 11:52 14:30 23:00 
End Date 9/19/2011 9/20/2011 10/18/2011 
Data Averages End Time 22:55 23:59 10:07 
EFG Temp., °F 

     Coal Feeder 86 81 82 
  O2/N2/Steam Inlet 545 590 545 
  Nitrogen (in recycle line) Inlet 311 269 300 
  Zone 1 2576 2508 2365 
  Zone 2 2732 2732 2363 
  Zone 3 2730 2732 2362 
  Zone 4 2724 2729 2349 
  EFG Outlet (post-quench zone) 1470 1472 1204 
  EFG Outlet (final) 460 420 499 
  Slag Pot Temp. 78 70 64 
Filter Vessel Temp., °F 

     Filter Vessel Inlet 489 471 481 
  Filter Vessel Outlet 411 428 444 
Quench Pot Temp., °F 

     West Pot 1 Inlet 482 428 481 
  West Pot 2 Inlet 235 206 234 
  West Pot 3 Inlet 147 128 138 
  West Pot 3 Outlet 93 83 86 
Stream Flows and Closure 

     Coal Feed Rate, lb/hr 4.6 3.9 4.0 
  Oxygen Flow, scfh 60 50 50 
  O/C (mole basis) 1.31 1.28 1.25 
  Nitrogen Flow, scfh 0 43 43 
  Steam Flow, lb/hr 6.7 6.8 6.7 
  Nitrogen Flow (in recycle line), lb/hr 8.5 7.6 7.8 
  Total Purge Flow, scfh 217 136 138 
  Product Gas Flow, scfh 525 458 443 
  Closure, % 129 172 130 
  Gas Residence Time(s) 9.8 5.8 11.9 
Pressure, psi 

     EFG Top Pressure 275 150 275 
  EFG Bottom Pressure 275 150 275 
  Filter Vessel Pressure 273 148 273 
  Quench Pot Pressure 270 142 270 
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 Coal feed rate was lower than the test plan set point of 8 lb/hr for all three tests, which was 
based on the feeder calibrations before the run. Running in a pressurized state appeared to 
significantly change the feed rate through the screws from the atmospheric calibration. The loss-
on-weight feed system indicated feed rate was low, and since there were feed line-plugging 
problems occurring, the oxygen levels were dropped as opposed to increasing the coal feed rate. 
Despite this adjustment, the resulting O/C ratios still came out a little high, ranging from 1.25 to 
1.31. The primary nitrogen was set at zero for the first test, but the coal feed seemed to be more 
problematic with this shut off. Therefore, the nitrogen was set at about 43 scfh for Tests 2 and 3. 
Nitrogen was also used in the recycle line to prevent nozzle plugging. The nitrogen flow 
averaged near 8 lb/hr in this line which is equivalent to about 110 scfh. Gas residence time was 
calculated based on the product gas flow and a measured/calculated value indicating that 31.3% 
of the total purged gas was flowing in the reactor tube. This value assumes that all of the 
nitrogen entering the feeder also enters the furnace tube and that the electrical purges bypass the 
furnace tube. Residence times were slightly longer than originally calculated because of the 
lower coal and oxygen rates. Closure refers to the amount of gas entering the system versus the 
amount leaving the system. Closures were greater than 100% for all three runs because of the 
syngas generated. 
 
 The system was operated at 275 psi for Tests 1 and 3. For Test 2, a pressure set point of 
150 psi was used. System pressure drops in the system as the gas travels to the back end and is 
usually 5–10 psi below the gasifier pressure just below the system exit. 
 

Syngas Compositions 
 
 An LGA-35 and the Varian GC were used to monitor the syngas produced during Tests 1 
and 2. An LGA-39 was used with the Varian GC for Test 3 based on availability during the test 
runs. Figures 1.2-3–1.2-5 show the process syngas output from the LGAs during each of the 
three test periods. Tables 1.2-6 and 1.2-7 display the average gas compositions that were attained 
during testing for the LGAs and Varian GC, respectively.  

 
 As shown in Figure 1.2-3, there was a significant shutdown period during Test 1 which 
was caused by a plug in the coal feed line. The inconsistency in the lines is also an indication of 
some of the coal feed problems that were occurring. There was a significant difference in the 
syngas composition during the second half of the test, which was caused by an increase in the 
coal feed rate. The coal feed rate presented in Table 1.2-5 represents the average over the two 
steady-state times during the test. Table 1.2-7 shows that the average concentrations of hydrogen, 
CO, and CO2 were similar during Test 1. H2S was about 2300 ppm, and the balance of the gas 
was nitrogen. CH4 and hydrocarbons were below detection limits for the analyzers for all of the 
tests, which is typical for the EFG. It should be noted that the average data presented in  
Table 1.2-7 for Test 1 only cover the last couple of hours of the test because of an analyzer 
problem. 
 
 Figure 1.2-4 shows that Test 2 went more smoothly than Test 1, but there were still three 
very brief periods of coal feed plugging. The plugs were able to be cleared during operation 
without having to shut down the system. Hydrogen and CO2 were at similar levels for the test,  
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Figure 1.2-3. Syngas composition as measured by the LGA-35 for Test 1 (September 19, 2011). 

 
 

 
 
Figure 1.2-4. Syngas composition as measured by the LGA-35 for Test 2 (September 20, 2011). 
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Figure 1.2-5. Syngas composition as measured by the LGA-39 for Test 3  
(October 17 and 18, 2011). 

 
 

Table 1.2-6. Average Syngas Compositions Attained During  
Two Test Periods Using the LGA-35  

 
Test 1 Test 2 Test 3* 

Start Date 9/19/2011 9/20/2011 10/17/2011 
Start Time 11:52 14:30 23:00 
End Date 9/19/2011 9/20/2011 10/18/2011 
End Time 22:55 23:59 10:07 
Composition, % 

     H2 10.4 9.7 10.6 
  CO 7.0 6.0 6.6 
  CO2 10.2 10.4 10.9 
  H2S 2276 2320 3083 
  N2 70.0 72.2 66.2 
  CH4 ND** ND ND 
  Hydrocarbons ND ND ND 

  * LGA-39 was used for this test. 
** Not detected. 

 
 
and CO was considerably lower. H2S was similar to Test 1 at about 2300 ppm. The 
measurements between the two analyzers were very similar. 
 
 Figure 1.2-5 shows that much more consistent feeding was achieved during Test 3. The 
syngas composition was very similar to that achieved in Test 2. The H2S value from the LGA-39 
was significantly higher than the previous tests, but the Varian measurement was similar to  
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Table 1.2-7. Average Syngas Composition Attained During Two  
Test Periods Using the Varian Analyzer 

 
Test 1 Test 2 Test 3 

Start Date 9/19/2011 9/20/2011 10/18/2011 
Start Time 20:35 14:30 8:10 
End Date 9/19/2011 9/20/2011 10/18/2011 
End Time 22:55 23:59 10:31 
Composition, % 

     H2 13.4 10.1 11.2 
  CO 9.4 6.2 7.0 
  CO2 8.6 10.9 11.8 
  N2 67.2 70.9 69.0 
  H2S, ppm 2470 2302 2502 
  CH4 ND* ND ND 
  Hydrocarbons C2–C3 ND ND ND 

* Not detected. 
 
 
previous runs. Two Dräger H2S samples were taken to verify the measurement, and the average 
value measured was 2300 ppm, validating the Varian measurement. Periods of oxygen also 
showed up during the steady-state period, but this was caused by a low-flow condition to the 
LGA, which caused it to draw in small amounts of air. The concentration of oxygen was 
typically below 0.3%, so this issue did not have a significant impact on the overall syngas 
measurement. A coal feed plug occurred at the end of the test (hence the oxygen peak), but since 
11.5 hr of steady state had already been achieved, the system was shut down rather than making 
any attempt to free the plug. 
 
 The Dräger tube measurements for other gases not measured by the gas analyzers are 
shown in Table 1.2-8. Measurements were taken for Tests 2 and 3. Ammonia levels were 
significantly different for these tests, and it is unclear if this is a measurement error or a result of 
the operating conditions. HCN and HCl levels were similar for the two tests. 
 

Solids Samples Analysis 
 
 Solid samples were taken from the slag pot at the end of the run and from the filter vessel 
during the run. These samples were weighed and then sent to the lab for analysis. For all of the  
 
 

Table 1.2-8. Dräger Tube Measurements 

  
Gas Concentration 

Test Time NH3 HCN, ppm HCl, ppm H2S, ppm 
2 14:39 17 ppm 150 6 NS* 
2 18:30 5 ppm 150 MF** NS 
3 8:17 0.30% MF 12 2200 
3 10:00 0.10% 125 6 2400 
  * Not sampled. 
** Measurement failure. 
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runs, there were significant amounts of black char found in the slag pot, along with pieces of 
teardrop-shaped glassy slag. Some of the char was assumed to have been created under non-
steady-state conditions and when there were feed problems. The glassy slag was assumed to be 
created under steady state and, therefore, was submitted to the lab for analysis. No slag deposits 
or plugs were found in the tube for the runs, with the exception of a very thin slag layer on the 
tube walls after Test 3 at low temperature. Table 1.2-9 shows the weights of the samples 
collected during the runs. Piping/tubing refers to solids that were found to be deposited in the 
piping and tubing runs between the slag pot and filter vessel. 
 
 It is difficult to determine carbon conversion during the run because of the feed difficulties. 
However, assuming that the glassy slag pellets were produced during steady state and contain no 
carbon, the steady-state carbon conversion appeared to be very high. The filter vessel amounts 
collected were very low; therefore, the carbon conversion under steady state is indicated to be 
greater than 99%. 
 
 Trace metal analysis of the solid samples is shown in Table 1.2-10. As expected, volatile 
elements such as arsenic, selenium, and potassium were enriched in the filter vessel ash, and 
elements such as aluminum and silicon were depleted in the filter vessel ash.  
 
 

Table 1.2-9. Weight of Solid Samples Collected 

 
Sample Weights, g 

Test Coal Fed Slag Pot Piping/Tubing 
Filter 
Vessel 

1 23,866 1382 84 40 
2 19,966 558 109 52 
3 25,358 1275 306 267 

 
 

Table 1.2-10. Analysis of Solid Samples Collected, µg/g 

 
Slag Pot Filter Vessel 

 
Test 1 Test 2 Test 3 Test 1 Test 2 Test 3 

Aluminum 112,000 105,000 102,000 41,100 80,700 33,600 
Arsenic 3 2.2 5.5 301 142 47.8 
Lead 3.5 2.0 1.6 1380 438 98.8 
Magnesium 11,000 14,400 13,200 5960 18,900 7600 
Manganese 514 569 707 475 665 250 
Molybdenum 100 20.2 17.7 977 616 118 
Nickel 182 190 247 476 350 122 
Potassium 27,900 29,500 34,000 44,600 34,800 27,100 
Rubidium <500 <500 <500 <500 <500 <500 
Selenium 0.94 1.3 0.38 33 3.5 5.5 
Silicon 217,000 216,000 215,000 97,000 186,000 78,200 
Sodium 6500 4400 7300 3000 3500 3200 
Titanium 5640 4840 4840 3300 6380 2500 
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CONCLUSIONS 
 
 The biggest challenge encountered with the 70–30 coal–switchgrass blend was fuel 
feeding. The material had high caking properties which led to significant challenges with the 
feed line and even with refilling the coal hopper. Once inside the gasifier, the fuel converted to 
syngas very easily, even at the lower temperature setting. The slag produced flowed easily out of 
the furnace tube, and no furnace tube plugging occurred. Syngas compositions were reasonable 
for the run conditions and could be improved upon if some of the feed issues were resolved. 
 
 Carbon conversion appeared to be very high for the test run, even at the lowest 
temperatures. Very little material reached the filter vessel. The trace metals behaved as expected, 
with the high-volatile metals getting enriched in the fly ash. 
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SUBTASK 1.3 – PROMOTING STANDARDIZATION OF COMBUSTION 
CHARACTERISTICS FOR BIOFUELS 

 
 
INTRODUCTION 
 
 Biomass or biofuel for power and electricity has been of great interest in the United States 
for the past two decades as more information has been developed on the world scale of 
greenhouse gas accumulation and global warming. Renewable energy, such as burning biomass 
in power generators, is still the number one energy form that coal-fired utility or industrial 
boilers can easily switch to in order to generate renewable power. However, the overall 
percentage of biopower in the United States remains a paltry 3% when totaled and normalized 
relative to other energy forms. In other parts of world, such as Europe, that percentage is much 
higher because many European countries have aggressive renewable energy mandates and even 
carbon taxes that make it difficult for coal power plants to continue operation and easy for 
biomass to be used at a much higher rate.  
 
 The primary driver for electricity and heat production from biomass in the United States 
remains individual-state-promoted renewable portfolio standards (RPS). Twenty-seven states 
mandate renewable energy production by their utilities. That leaves 23 states with no RPS or they 
have an alternate energy production standard, which includes energy from biomass technologies or 
from advanced fossil fuel technologies such as coal gasification. Most renewable electricity 
production in the United States still comes from hydroelectric or wind resources. For some states, 
an RPS has attracted development of smaller (20–50 MW) baseload biomass power plants. For 
other regions, communities have incentivized new biomass plants using local venture drives and 
grassroots support. These new biomass power plants have essentially replaced older units related to 
the pulp and paper industry. This offset or build one–close one scenario is one reason why the level 
of biopower remains about 3% nationally.  
 
 In the future, the U.S. power industry may have to comply with federal mandates for 
renewable energy, in which case, biomass could very quickly become a very important fuel of 
choice. There could be regulations implemented for a national RPS or for greenhouse gas emission 
limits. In some future circumstances, incentives could be implemented such as categorizing 
biomass as a carbon-neutral fuel, eligible for CO2 credits on the basis of displacement of CO2 
emissions associated with fossil fuel-based electricity. Coal boiler emission limits are already 
somewhat of a driver for smaller biomass power plant installation since biomass generally has 
lower overall emissions of hazardous air pollutants such as sulfur, mercury, and other trace metals. 
These constituents are regulated by the U.S. Environmental Protection Agency (EPA) in the 
Mercury and Air Toxic Standard (MATS) rule (Code of Federal Regulations, 2012). 
 
 Because biomass has become such a significant boiler fuel to either replace or be cofired 
with coal in European boilers, national standards have been devised to provide standard methods 
for characterizing biomass quality, much in the same way similar standards were devised for coal 
over a century ago. In the United States, biomass has not become so popular yet; however, as 
stated above, things could change quickly, and a demand for such characterization standards is 
being raised. In short, as more biomass is used in the United States, because of new incentives, 
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regulations, or mandates, standards will be necessary. Currently, the power industry and pellet 
fuel industry in the United States are already in need of such standards.  
 
 The project described in this report was conceived under the premise that the increased use 
of biomass in generating systems and the potential for greatly increased biomass use in the future 
warrants a systematic methodology for standardizing biomass physical and chemical properties, 
similar to standards already developed in Europe. The information and data generated through this 
project and detailed in this report are intended to advance the development of suitable biomass 
standard methods that would be widely available to the biomass industry. 
 
 
BACKGROUND 
 
 The interest in biomass as a fuel source in the United States and even more internationally 
has led to a need for proper characterization of suitable biomass materials for energy production. 
However, the United States lacks consistency regarding the use of testing methods for biomass 
when evaluating combustion and fuel quality parameters. Many laboratories are relying on 
methods that have been developed and validated for fossil fuels, which may not be suitable for 
biomass fuels. Biomass varies greatly in composition, and the concentrations of some constituents 
are well outside the range of what is typically found in fossil fuels. Sulfur and trace metals are 
typically much lower in biomass fuels than in fossil fuels; however, some minor and major 
constituents such as phosphorus and potassium can be an order of magnitude higher. Many 
European countries have been utilizing biomass as a fuel source for decades and have relied mostly 
on draft standard test methods developed by the European Committee for Standardization (CEN), 
under the jurisdiction of a technical committee (CEN/TC 335), Solid Biofuels. Many of these 
standards have now been moved from the draft stage to provisional status and are published as 
national standards in Europe. 
 
 In 2007, the International Organization for Standardization (ISO) formed a new committee, 
ISO/TC 238, Solid Biofuels, that would help establish international standard test methods 
specific to biomass fuels that would be used in combustion systems. This committee has 
established six working groups that are reviewing the CEN standards and will adopt many of 
these standards for publication as ISO standards. The U.S. Technical Advisory Group (TAG) for 
ISO/TC 238 is the American Society of Agricultural and Biological Engineers (ASABE). 
 
 ASTM International (ASTM) standards are used by the United States for characterizing 
fuels, similarly to ISO standards in Europe. ASTM currently has several committees that oversee 
the development and publication of test methods for a variety of fuels, such as coal, coke, oil, 
natural gas, and refuse-derived fuels. There is also a committee dedicated to wood-based 
materials. However, ASTM does not have a committee or standard test methods that are solely 
applicable to evaluating biomass materials for fuel quality parameters. ASTM biomass methods 
for major, minor, and trace elements, including mercury, are nonexistent.  
 
 A key component in methods development and validation, for any type of material, is the 
analysis of standard reference materials (SRMs). SRMs supplied by the National Institute of 
Standards and Technology (NIST) and other agencies are a vital part of this process in analytical 
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laboratories when various materials are tested. Although many SRMs are available for fossil fuels, 
such as coal, petroleum coke, and oil, the availability of biomass SRMs is extremely limited. A 
few reference materials exist from biomass proficiency test programs and round-robin studies, 
but these are not widely available, and many have expired. NIST currently has four biomass 
reference materials in stock; however, the reference parameters listed in the certificates of 
analysis are not the same parameters that are needed for the combustion characteristics and fuel 
quality parameters mentioned above and, therefore, are not applicable to biomass fuels, which 
are the subject of the work conducted under this project (National Institute of Standards and 
Technology, 2012a–d).  
 
 
GOALS AND OBJECTIVE 
 
 Since there is such a dearth of good reference methods and analyses for characterizing 
biomass types in the United States, the goal of this project was to help develop suitable biomass 
methods and reference materials that would be widely available to the biomass industry. 
 
 
EXPERIMENTAL APPROACH 
 

Assessment of Current Biomass Standards 
 
 To aid in the review of existing biomass standard methods and to follow the development 
of new methods, the EERC took an active role in two biomass committees, with researchers 
serving on the ASABE FPE-709 committee, Biomass Energy and Industrial Products and the 
ISO/TC 238, Solid Biofuels. The FPE-709 committee has established a working group, X564, to 
assemble information and standards from several standards organizations such as ISO, CEN, and 
ASTM. Table 1.3-1 lists the standards that were reviewed for parameters that were determined 
for biomass fuels in this project. 
 
 Many of the CEN technical specifications listed in Table 1.3-1 were considered draft 
standards at the beginning of this project. However, during the course of the project, some of 
these standards were promoted to provisional status and eventually approved and published as 
European national standards. Throughout this process, the number designation of the standard 
did not change, but the letter designation changed to reflect the status of the standard. For 
example, the ash standard began at the draft committee level as CEN/TS 14775, then was 
promoted to provisional status as prEN 14775, and finally was published as a European national 
standard under the designation EN 14775.  
 
 The ISO standards listed in the tables are currently under the jurisdiction of ISO Technical 
Committee ISO/TC 27, Solid Mineral Fuels. However, the Solid Biofuels ISO committee, 
ISO/TC 238, was formed to establish standard test methods that were more specific to biomass. 
This committee is reviewing the CEN standards and will adopt many of these standards for 
publication as ISO standards as well as develop new methods.  
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Table 1.3-1. Standard Methods Reviewed for Biomass Analysis 
Parameter Analytical Methods 
Moisture Content CEN/TS 14774-1, ASTM E871, ASTM D5142, 

ASTM D3302, ASABE S358.2 
Ash Content ISO 1171, CEN/TS 14775, ASTM D3174, ASTM 

D1102, ASTM E1534, ASTM E1755, ASTM E830 
Volatile Matter CEN/TS 15148, ASTM E872 
Calorific Value ISO 1928, CEN/TS 14918, ASTM D5865, 

ASTM E711 
C, H, N Content ISO 12902, CEN/TS 15104, ASTM D5373, 

ASTM E777, ASTM E778 
Sulfur Content CEN/TS 15289, ASTM D4239, ASTM E775 
Bromine Content CEN/TS 15289 
Chlorine Content CEN/TS 15289, ASTM D6721, ASTM D4208, 

ASTM E776 
Fluorine Content CEN/TS 15289, ASTM D5987, D4208 
Ash-Melting Behavior ISO 540, CEN/TS 15370, ASTM D1857 
Major Elements (Na, K, Ca, Mg, Si, P, Fe, Al, Ti) CEN/TS 15290, ASTM D4326, ASTM D6349 
Minor and Trace Elements (As, Be, Cd, Cr, Co, 

Cu, Mn, Ni, Pb, Sb, Tl, V, Zn) 
CEN/TS 15297, ASTM D6349, ASTM D6357 

Mercury Content CEN/TS 15297, ASTM D6414, ASTM D6722 
Bulk Density ISO 567, CEN/TS 15103, ASTM E873 
 
 

Fuel Selection and Characterization 
 

Fuel Selection 
 
 A second task was related to actual biomass analysis and characterization, using methods 
that were determined to be more appropriate for biomass. This task was also a crucial element in 
obtaining good average data on common biomass types which is of great interest to the clients of 
this project.  
 
 A total of ten different biomass samples were collected for this task. Their descriptions, 
locations, and collection information are presented in Table 1.3-2. The intent was to select 
candidates that are predominantly being used in the United States as feedstocks for energy 
production or that could potentially be used as feedstocks. Another factor that was considered 
when selecting these fuels was to choose materials that had varying chemical characteristics. 
Typically, herbaceous materials have higher ash, potassium, and phosphorus contents than woody 
biomass. The presence of higher alkali concentrations, coupled with the usual silica content from 
phytoliths can become a combination for severe fouling and slag deposit development in a 
combustion boiler (Lanning et al., 1958; Ball, 1993; Zygarlicke et al., 2000). In contrast, woody 
biomass materials can vary significantly in ash constituents, depending on how much bark and 
other forest material remains with the trees when harvested, but usually wood is lower in ash 
content compared to herbaceous biomass (Zygarlicke et al., 2001). 
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Table 1.3-2. Biomass Samples Characterized in This Project 
Sample Type State Collected Collection Information 
Switchgrass ND Collected at the Central Grasslands Research Extension 

Center in Kidder County. Cut with a swather and baled 
with a square baler. 

Corn Stover ND Collected at the Central Grasslands Research Extension 
Center in Kidder County. Cut by hand after the corn 
harvest. 

Wheat Straw ND Collected in Ward County and straight cut when harvested 
and baled with a round baler. 

Dried Distillers Grain ND Coproduct of corn ethanol production. Collected at the 
ethanol plant after drying. 

Sugar Beet Pulp ND/MN Fibrous by-product of beet sugar processing. Collected at 
the processing plant after pelletizing. 

Loblolly Pine GA After harvesting 10-yr-old trees, branches and leaves were 
removed, and the main trunks with bark were chipped 
with a brush chipper to 1-in.-size pieces. 

Cottonwood AL After harvesting 5-yr-old trees, branches and leaves were 
removed, and the main trunks with bark were chipped 
with a brush chipper to 1-in.-size pieces. 

Aspen AL After harvesting 5-yr-old trees, branches and leaves were 
removed, and the main trunks with bark were chipped 
with a brush chipper to 1-in.-size pieces. 

Eucalyptus AL After harvesting 5-yr-old trees, branches, leaves, and bark 
were removed, and the main trunks were chipped with a 
brush chipper to 1-in.-size pieces. 

Waste Wood Pellets NE A combination of construction and demolition wood, 
packing or crating wood, and scrap pallets that were 
ground and pelletized. 

 
 
 Upon receipt of samples at the EERC, the bulk density test was performed promptly, and 
the samples were air-dried and reduced in size to −5 mesh (4 mm) using an AEC Nelmor 
granulator. Further size reduction to −18 mesh (1 mm) was done with a Bel-Art Micro-Mill® 
grinder. A particle size of 1 mm or less is the typical requirement for analytical methods used for 
biomass.  
 

Analytical Characterization 
 
 Based on a thorough review of the methods presented and discussions with others in the 
biomass industry that have experience with biomass testing, the methods selected for 
characterizing the samples in this project are presented in Table 1.3-3. 
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Table 1.3-3. Standard Methods Used for Biomass Analysis 
Parameter Analytical Methods 
Moisture Content CEN/TS 14774-1 
Ash Content at 550°C CEN/TS 14775 
Ash Content at 815°C ISO 1171 
Volatile Matter CEN/TS 15148 
Calorific Value CEN/TS 14918 
C, H, N Content ASTM D5373 
Sulfur Content ASTM D4239 
Bromine Content CEN/TS 15289 
Chlorine Content CEN/TS 15289, ASTM D6721 
Fluorine Content CEN/TS 15289 
Ash-Melting Behavior ISO 540 
Major Elements ( Na, K, Ca, Mg, Si, P, Fe, Al, Ti) CEN/TS 15290 (Part A) 
Minor and Trace Elements (As, Be, Cd, Cr, Co, 

Cu, Mn, Ni, Pb, Sb, Se, Tl, V, Zn) 
CEN/TS 15297 

Mercury Content CEN/TS 15297, ASTM D6722 
Bulk Density CEN/TS 15103 

 
 

Interlaboratory Comparison 
 
 Five of the ten project samples were selected for a small interlaboratory comparison of the 
biomass methods used in this project. These samples included the switchgrass, corn stover, 
wheat straw, cottonwood, and eucalyptus. To help evaluate the results from both laboratories 
(i.e., the EERC laboratory and the independent laboratory), a biomass reference material, NJV 
94-5 Wood Fuel, was also included as a blind sample. As discussed previously, biomass 
reference materials are extremely limited and not widely available; however, the EERC was able 
to acquire some materials that had been evaluated in a proficiency test program in Sweden in 
1994. These materials are distributed in the United States by Alpha Resources; however, only a 
partial list of fuel quality parameters are certified in these materials, resulting in the need to 
produce more of these materials for use in biomass testing laboratories.  

 
 After project samples were prepared to <1 mm in size, a 30-g portion of each sample was 
packaged and sent to the independent laboratory for comparative analysis. The laboratory was 
chosen based on the ability of the laboratory to employ biomass methods that are similar to those 
used by the EERC. Table 1.3-4 lists the methods that each laboratory used. Bulk density was not 
done by the independent laboratory (Lab B) because the sample had already been ground to help 
ensure a homogeneous representative sample for both labs. The ash-melting behavior parameter, 
which requires a large quantity of biomass material ashed at 815°C, was also not performed by 
Lab B because of the limited amount of material available.  
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Table 1.3-4. Methods Used by Participating Laboratories 
Parameter Analytical Methods 
 Lab A Lab B 
Moisture Content CEN/TS 14774-2 EN 14774-3 
Ash Content at 550°C CEN/TS 14775 EN 14775 
Volatile Matter CEN/TS 15148 EN 15148 
Calorific Value ISO 1928 EN 14918 
C, H, N Content ASTM D5373 prEN 15104 
Sulfur Content ASTM D4239 CEN/TS 15289, 15408 
Bromine Content CEN/TS 15289 CEN/TS 15289 
Total Chlorine Content CEN/TS 15289, ASTM D6721 CEN/TS 15289 
Fluorine Content CEN/TS 15289 CEN/TS 15289 
Major Elements (Al, Ca, Fe, K, Mg, Na, P, 

Si, Ti) 
CEN/TS 15290 (Part A),  

ASTM D6349 
CEN/TS 15290 (Part A), 

ASTM D6349 
Minor and Trace Elements (As, Be, Cd, Cr, 

Co, Cu, Mn, Ni, Pb, Sb, Se, Tl, V, Zn) 
CEN/TS 15297 CEN/TS 15297 

Mercury Content CEN/TS 15297, ASTM D6722 CEN/TS 15297 
 
 

Technology Transfer and Standards Promotion 
 
 The EERC will continue to have opportunities to promote biomass standards throughout 
the United States by presenting important information at biomass conferences and workshops. 
Also, through membership in biomass committees, EERC researchers are directly involved in the 
development and publication of biomass standards to be used throughout the industry. It was 
anticipated that two conferences and one committee meeting would be attended during this 
project, with continued membership in the standards committee as new methods were being 
evaluated.  
 

Predicting Slagging Behavior of Biomass Fuels 
 
 Equilibrium thermodynamic modeling was used to predict the concentrations and 
compositions of gases, liquids, liquid solutions, and solids present in each biomass fuel’s 
products of combustion as a function of temperature. The FactSage model (Version 6.2) was 
used (Bale et al., 2009). It is a commercially integrated thermodynamic database coupled to 
programs for calculating multicomponent, multiphase equilibria based on a minimization of 
Gibbs’ free energy.  
 
 Prior to the FactSage calculations, a preliminary calculation was performed using each 
biomass ultimate analysis to estimate the major gas concentrations (N2, O2, CO2, SO2, and NO2) 
produced per gram of ash. This preliminary calculation estimates the amount of air (oxygen and 
nitrogen) that would be consumed during combustion to produce a gaseous atmosphere (i.e., flue 
gas) that subsequently interacts with the ash components. After a chemical composition is input 
for each biomass, FactSage determines equilibrium concentrations of solid, liquid, aqueous, and 
gaseous species over a specified temperature range. Calculations were performed from 392° to 
2732°F (200° to 1500°C) at 45°F (25°C) increments. A pressure of 1 atmosphere and excess air 
of 20% was assumed. Small changes in pressure or excess air have an insignificant effect on the 



1.3-8 

calculation results. Approximately 1400 elements and compounds were considered in the 
calculations. 
 
 FactSage will not only predict the amount of liquid in a combustion melt, it will also give a 
composition of that liquid that can be used to determine a viscosity of the liquid material. 
Viscosity of the liquid predicted by FactSage for each temperature was calculated using the 
Kalmanovitch–Frank modification of the Urbain equation (Kalmanovitch and Frank, 1988). The 
calculation results provide the concentration (wt%) and viscosity of liquid in the slag as a 
function of temperature. Viscosity information is important for deducing whether fouling and 
slagging deposits will form and become potentially troublesome. 
 
 The FactSage calculation results are useful for predicting the effects that the biomass fuels 
may have on boiler operations. Five such predictive scenarios include the following: 
 

1) Slag viscosity and the percentage of liquid slag, which are predicted calculations made 
by FactSage, indicate what effect the biomass ash may have on high-temperature, 
silicate-based fouling. The viscosity and percentage of liquid fly ash is related to the 
amount of fouling and slagging that may occur on steam tube surfaces in the hotter 
section of the convective pass. A high concentration of a low-viscosity slag is indicative 
of a severe slagging problem. 

 
2) The percentage of solid sulfates present is related to the propensity for calcium sulfate-

based low-temperature fouling in the economizer region of the boiler. 
 

3) The percentage of liquid sulfates (sodium or potassium sulfate, Na2SO4 or K2SO4) is 
related to the potential for forming a sticky liquid that would significantly increase 
deposit severity in the temperature range where it forms. 

 
4) The percentage of solid phosphates is related to the propensity for an increased number 

of cleaning cycles and higher pressure drop in a baghouse. Fine phosphates tend to 
“blind” bags more than the usual fly ash. 

 
5) The percentage of solid chlorides and carbonates is related to the formation of fine 

particulate, which has an effect similar to phosphates on baghouse performance. 
 

Setting the Stage for the Development of Biomass SRMs 
 
 At the beginning of this project, the intent was to use some of the same materials that were 
collected for this project as possible candidates for the development of SRMs by NIST. 
Unfortunately, the timing of the sample collection did not coincide with the product development 
stage at NIST, and an alternate plan for SRM development at NIST was discussed. NIST 
representatives agreed that biomass SRMs were needed and would begin development work in 
2012. In order to ensure a 5-yr supply of biomass SRMs at NIST, it will be acquiring at least  
100 kg of each material considered. These large quantities were not attainable through the 
resources in this project.  
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RESULTS AND DISCUSSION 
 

Assessment of Current Biomass Standards 
 
 After reviewing the various analytical methods for fuel characterization, it appeared that 
some of the methods were very similar in their procedures. Those included the methods for 
moisture, calorific value, and CHN (carbon, hydrogen, and nitrogen) testing. Given the similarity 
in the procedures, it is anticipated that all the methods reviewed for these parameters would 
produce similar results and be suitable for biomass materials. However, there were several 
methods that had significant procedural differences for the same parameter. Those included ash 
content, volatile matter, sulfur, chlorine, major elements, minor elements, and trace elements. 
These procedures will be discussed in detail below.  
 

Ash Determination Methods 
 
 Table 1.3-5 lists the different ash methods that were reviewed for this project along with 
the sample types for which they were designed and the recommended operating temperature of 
the furnace. The most significant difference among the methods was the operating temperature of 
725° ± 25°C for the ASTM D3174 coal method compared to the other methods, which specify 
much lower temperatures. Because of the high levels of alkali (i.e., Na, K,) and alkaline-earth 
(i.e., Ca, Mg) metals found in some biomass materials, ash determination at lower temperature is 
recommended to avoid mass loss of these metals. Although biomass-testing laboratories may be 
aware of this, there is still a 100°C difference in the range of operating temperatures specified in 
the other methods reviewed. This makes it difficult for the users of the data to compare biomass 
fuels if results are obtained from different laboratories employing different ash determination 
methods. At the very least, laboratories should specify the method and temperature used; 
however, one method with one temperature that would be used by all biomass testing 
laboratories would be ideal.  
 
 

Table 1.3-5. Methods for Ash Determination in Various Fuel Types 
Method  Sample Type Ignition Temperature 
ISO 1171 Solid mineral fuels 500°  
CEN/TS 14775 Solid biofuels 550° ± 10°C 
ASTM D3174 Coal 725° ± 25°C 
ASTM D1102 Wood  590° ± 10°C 
ASTM E1534 Wood  590° ± 10°C 
ASTM E1755 Biomass 575° ± 25°C 
ASTM E830 Refuse-derived fuel 575° ± 25°C 
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Volatile Matter 
 
 There are similarities in the methods reviewed for volatile matter in that all methods call 
for a similar sample size of 1 g and reducing atmosphere in the furnace. Again, the most 
significant difference is the operating temperature. Method CEN/TS 15148 specifies a 
temperature of 900° ± 10°C, and method ASTM E872 specifies a temperature of 950° ± 20°C, 
which is identical to ASTM coal methods. Based on the chemical differences between coal and 
biomass, the CEN/TS method, or an equivalent method with a 900°C operating temperature, 
would be recommended for biomass fuels. 
 

Sulfur Methods 
 
 Each of the three sulfur methods reviewed has very different analytical approaches. The 
CEN/TS 15289 method is suitable for the determination of both total sulfur and total chlorine. 
The method describes two different approaches to decompose the sample and trap the acidic gas 
(i.e., HCl) in an absorbing solution: for Method A, a 1-g sample is prepped in a sealed oxygen 
bomb and combusted in the presence of water or an alkaline absorbing solution, and Method B 
describes digesting the sample with hydrogen peroxide (H2O2) in a closed vessel. The preferred 
method for detecting the sulfate in either solution is ion chromatography; however, the method 
mentions other suitable analytical methods such as inductively coupled plasma atomic emission 
spectrometry (ICP–AES), coulometry, potentiometric titration, and photometric titration. It also 
allows for the use of automated equipment and x-ray fluorescence (XRF) spectrometry, provided 
a thorough validation is done using suitable biomass SRMs, if available. The estimated method 
detection limit (MDL) for sulfur is 50 mg/kg.  
 
 The ASTM D4239 method is a direct combustion method with infrared absorption 
detection. The estimated detection limit is dependent on the equipment and sample size, but  
100 mg/kg is reasonable. 
 
 The ASTM E775 method was intended for refuse-derived fuels but is occasionally used for 
biomass. This method describes two different approaches: Method A, where the sample is mixed 
with magnesium oxide and sodium carbonate (Eschka mixture) and ignited at 800°C. The ignited 
sample is dissolved in water, and barium chloride is added to precipitate the sulfur, which is 
weighed. Method B is an oxygen bomb preparation followed by precipitation and weighting as 
described in Method B. The method did not have specific limits for ranges or detection limits but 
reported the repeatability (r) of an average value of 0.35% to be 0.03%. This method appears to 
be lengthy and time-consuming and is not suited for low-level sulfur determination, which is 
needed for many of the woody biomass materials.  
 

Chlorine Methods 
 
 Details of the chlorine methods reviewed in this project are compared in Table 1.3-6. Three 
of the four methods specify a sample size of 1 g, which is significantly higher than the sample 
amount specified in ASTM D6721. A larger sample size would be more conducive to 
heterogeneous samples, if the samples are not ground finely enough. However, the  
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Table 1.3-6. Chlorine Methods Comparison 

Method  Sample Type Sample Size 
Sample 

Oxidation Detection Method 

Estimated 
MDL, 
ppm 

ASTM D6721 Coal 10–50 mg Tube combustion Coulometric titration 5 
ASTM D4208 Coal 1 g Bomb 

combustion 
Ion-selective electrode 220 

ASTM E776 Refuse-
derived fuels 

1 g Bomb 
combustion 

Potentiometric 
titration 

Unknown 

CEN/TS 15289 Solid biofuels 1 g Bomb 
combustion 

Ion chromatography 50 

 
 
ASTM D6721 method clearly surpasses the other methods for low chlorine detection. The 
method detection limits listed in the table are estimations only, and will vary with sample size 
and laboratory equipment. The ASTM E776 method did not have specific limits for ranges or 
detection limits but reported the repeatability (r) of an average value of 0.49% to be 0.03%. Of 
the three bomb combustion preparation techniques, method CEN/TS 15289 appears to be the 
most sensitive at 50 ppm, which is the limit specified in the method. Five of the ten biomass 
samples characterized in this project had total chlorine levels below 50 ppm. The only method 
reviewed that could definitively detect chlorine in all the project samples was ASTM D6721. An 
interlaboratory study conducted by the Electric Power Research Institute (EPRI) in 2000 that 
evaluated different methods for Cl and Hg in coal resulted in similar findings where the bomb 
combustion techniques followed by ion-selective electrode, potentiometric titration, or ion 
chromatography could not meet the lower level of detection needed for many U.S. coals (Electric 
Power Research Institute, 2000). If low-chlorine biomass fuels are used as alternative energy 
sources, low detection will be required to meet the MATS rule for HCl emissions.  
 

Methods for Major Elements 
 
 The major elements determined in biomass fuels and fossil fuels typically include Al, Ca, 
Fe, Mg, P, K, Si, Na, and Ti. The analytical results can be reported in a variety of ways: ppm 
(mg/kg) in the raw fuel, oxide percent in the raw fuel, or oxide percent in the ash. All results in 
this report are reported as mg/kg in the raw fuel. The CEN/TS 15290 method describes two 
different approaches: Part A, which is a heated acid digestion of the raw fuel, and Part B, which 
is a heated acid digestion of the prepared ash at 550°C. This standard allows for the use of 
several different analytical methods for detection. They are ICP–AES, inductively coupled 
plasma mass spectrometry (ICP–MS), and atomic absorption spectrometry (AAS). The 
specification also allows for XRF when validated with suitable reference materials. 
Unfortunately, suitable biomass reference materials are not available in the ranges of 
concentrations needed for XRF spectrometry. Method ASTM D4326 is an XRF method for coal 
which calls for ashing the coal at 750°C and fusing the prepared ash with a fluxing agent to 
produce a glasslike material. This method is more suited for coal because of the higher ashing 
temperature and the availability of coal SRMs. The ASTM D6349 method calls for ashing the 
material and fusing the ash with a fluxing agent to produce a glass pellet which is dissolved in 
acid. Alternatively, the ash can be digested directly in a mixture of acids. The resulting digested 
solutions are analyzed by ICP–AES.  
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 One major drawback of these methods is the potential loss of alkali and alkaline-earth 
metals (K, Na, Ca, Mg) in the ashing process. These losses could be significant in the herbaceous 
type of biomass material, such as switchgrass, corn stover, and wheat straw, that typically 
contain high levels of K. Therefore, it is recommended that a closed vessel (i.e., microwave) acid 
digestion, as described in CEN/TS 15290 Part A, be done on the raw fuel for determining these 
metals in biomass. However, the elements Al and Si are often difficult to dissolve directly in acid 
and are better solubilized by fusing the ashed material with a fluxing agent as described above. 
The ashing should be done at 550°C for biomass materials and not the 750°C temperature 
prescribed for coal. It appears that all three methods reviewed have some drawbacks for accurate 
determination of all the major elements listed, but slight modifications of the methods as written, 
or a combination of methods, would result in suitable approaches for determining these elements 
in biomass. 
 

Methods for Minor and Trace Elements 
 
 The elements discussed in these methods include As, Be, Cd, Cr, Co, Cu, Hg, Mn, Ni, Pb, 
Sb, Se, Tl, V, and Zn. For method CEN/TS 15297, the sample is digested with a combination of 
hydrogen peroxide, nitric acid, and hydrofluoric acid and heated in a closed vessel. The 
specification allows for several analytical detection methods. They are ICP–AES, ICP–MS, 
graphite furnace atomic absorption spectrometry (GFAAS), hydride generation atomic 
absorption spectrometry, and cold-vapor atomic absorption spectrometry (CVAAS) for Hg. For 
method ASTM D6357, the sample is ashed at 500°C and the ash is digested with a combination 
of nitric, hydrochloric, and hydrofluoric acids. The solutions are analyzed by ICP–AES, ICP–
MS, or GFAAS. This method does not allow for the determination of Hg and Se, which could be 
lost during the ashing procedure. ASTM D6414 and D6722 are designated as Hg methods only. 
D6414 is a closed-vessel heated digestion with nitric and hydrochloric acids, followed by 
CVAAS. D6722 is a direct combustion method where the sample is heated in the presence of 
oxygen and the Hg is selectively trapped on a gold amalgamator, released, and ultimately 
detected by atomic absorption. Both ASTM Hg methods have undergone extensive validation for 
coal through controlled interlaboratory studies that included the analysis of three different coal 
SRMs to determine the accuracy of the methods. These methods may be suitable for biomass 
materials but, unfortunately, biomass reference materials with certified Hg values are not 
available at this time to truly validate these methods for biomass materials. The same is true for 
many of the other trace elements listed in this section. The MATS rule has emission regulations 
for 11 of the 15 trace elements listed, because they are designated as inorganic hazardous air 
pollutants (HAPs).  
 

Fuel Selection and Characterization Results 
 

Fuel Selection 
 
 As mentioned, one of the criteria for selecting the biomass fuels for this project was to 
have materials with varying chemical characteristics. The results in the next section will show 
that this criterion was indeed met.  
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Characterization Results 
 

Proximate Analysis, Ultimate Analysis, and Halogens 
 
 The analytical results for the ten project samples are presented in Tables 1.3-7 and 1.3-8. 
The data in Table 1.3-7 show that this suite of biomass samples varies in composition for some 
key fuel quality parameters. The most obvious are the ash content and chlorine content, with the 
ash ranging from 0.41% to 12.68% and the chlorine ranging from 0.0016% to 0.21%. The other 
halogens, bromine and fluorine, are all below detection limits for the methods employed. There 
may be a need to develop an alternative method for fluorine to get lower detection limits, since 
hydrogen fluoride (HF) is one the regulated constituents in the MATS rule. Sulfur is relatively 
low in all of the biomass samples, which is to be expected. However, this is a key parameter to 
evaluate regarding the capability of analytical methods to quantitate at the low levels seen in 
most biomass samples. Sulfur dioxide emissions are also regulated under the MATS rule, which 
makes low-sulfur biomass fuels attractive as an alternative energy source when cofiring with 
coal. 
 

Major Ash Constituents 
 
 From an analytical standpoint, the results of the nine major ash constituents presented in 
Table 1.3-7 are of particular interest because of the wide range of concentrations among the 
different biomass materials. The minimum and maximum values are presented in Table 1.3-9. 
This wide range of concentrations supports the use of methods, other than XRF because of the 
lack of SRMs that would be needed for calibration. The methods that call for digestion and 
analysis by ICP–AES are more flexible, because they allow for dilution and standard preparation 
using aqueous standards that are readily available. 
 

Trace Elements 
 
 The trace element results are summarized in Table 1.3-8. The data show that the majority 
of the trace elements are below MDLs for the biomass materials tested in this project. The 
elements copper, manganese, molybdenum, and zinc are present in measurable quantities for 
most of the fuels, which is to be expected since these elements are present in soil as 
micronutrients and are taken up by the plant.  
 
 Further discussion of the biomass fuel analytical results and how they can potentially affect 
performance in a combustion boiler follows. 
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Table 1.3-7. Analytical Results for Project Biomass Fuel Samples1 

Sample ID Switchgrass 
Corn 

Stover 

Dried 
Distillers 
Grains 

Sugar 
Beet 
Pulp 

Wheat 
Straw 

Loblolly 
Pine Cottonwood Aspen Eucalyptus 

Waste 
Wood 
Pellets 

Proximate Analysis, wt%           
  Moisture, as-received 26.76 29.60 10.38 9.45 19.94 32.88 37.58 15.19 28.97 7.75 
  Ash (550°C) 7.81 6.00 4.23 12.68 6.86 0.78 1.03 1.07 0.41 0.76 
  Ash (815°C) 8.33 7.16 4.74 13.86 6.91 0.69 0.85 0.95 0.45 0.69 
  Volatile Matter 75.61 78.30 78.46 72.25 76.46 79.55 82.12 84.63 81.99 82.67 
            
Ultimate Analysis, wt%           
  Hydrogen 5.58 5.04 6.69 4.95 5.58 5.85 5.25 5.83 5.54 6.18 
  Carbon 48.17 45.57 48.97 40.96 41.58 51.79 50.25 49.90 50.20 51.26 
  Nitrogen 0.63 0.50 4.91 0.97 0.84 0.12 0.09 0.13 0.10 0.06 
  Sulfur 0.13 0.06 0.97 0.24 0.27 0.02 0.03 0.03 0.01 0.01 
  Oxygen, calculated 37.69 42.83 34.23 40.20 42.10 41.43 43.36 43.04 43.74 41.72 
            
Calorific Value, MJ/kg 20.9 19.1 21.1 15.9 18.0 20.5 19.4 19.4 19.4 20.3 
Calorific Value, Btu/lb 8989 8230 9058 6817 7748 8818 8345 8344 8351 8730 
           
Bulk density, kg/m3 31 29 448 613 29 175 138 108 130 635 
Bromine, wt% <0.0050 <0.0050 <0.0050 <0.0050 <0.0050 <0.0050 <0.0050 <0.0050 <0.0050 <0.0050 
Chlorine, wt% 0.0948 0.0066 0.1430 0.0021 0.2000 0.0033 0.0016 0.0042 0.0477 0.0039 
Fluorine, wt% <0.0050 <0.0050 <0.0050 <0.0050 <0.0050 <0.0050 <0.0050 <0.0050 <0.0050 <0.0050 
Aluminum, mg/kg 215 1210 21.3 4280 123 338 14.2 8.0 <5 66.6 
Calcium, mg/kg 2850 1940 147 10,900 1310 953 2160 2210 587 878 
Iron, mg/kg 296 904 243 2310 135 369 72.4 128 58.0 51.5 
Magnesium, mg/kg 2460 1580 3410 3210 1170 341 619 533 145 185 
Phosphorus, mg/kg 1130 572 9000 539 855 133 320 458 234 22.9 
Potassium, mg/kg 8910 6450 11,800 3040 26,300 898 2590 2450 1160 576 
Silicon, mg/kg 24,900 21,100 230 41,700 11,100 2050 184 273 578 545 
Sodium, mg/kg 48.1 299 764 915 234 69.1 <20 <20 72.8 319 
Titanium, mg/kg 21.9 59.4 <2 207 5.0 15.4 2.8 2.1 <2 2.1 

1 Moisture is reported on an as-received basis, and all other parameters are reported on a dry basis. D
R

A
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Table 1.3-8. Trace Element Results for Project Biomass Samples, mg/kg dry basis 

Sample ID Switchgrass 
Corn 

Stover 

Dried 
Distillers 
Grains 

Sugar 
Beet Pulp 

Wheat 
Straw 

Loblolly 
Pine Cottonwood Aspen Eucalyptus 

Waste 
Wood 
Pellets 

Antimony <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 

Arsenic <0.1 0.25 <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 

Beryllium <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 

Cadmium <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 

Chromium 1.8 3.4 2.2 9.6 0.47 0.73 <0.2 <0.2 <0.2 0.35 

Cobalt 0.15 0.25 <0.1 0.80 0.12 4.02 0.34 <0.1 1.01 0.16 

Copper 6.80 4.00 4.61 10.2 2.95 1.70 1.43 2.23 1.43 4.09 

Lead <0.5 0.52 <0.5 1.38 <0.5 0.98 <0.5 <0.5 1.85 <0.5 
Manganese 66.2 70.0 15.0 121 41.8 74.1 9.78 7.79 16.6 57.8 

Mercury 0.0075 0.0042 <0.005 <0.005 0.0066 <0.005 <0.005 <0.005 <0.005 <0.005 

Molybdenum 1.98 0.38 0.95 0.46 0.23 <0.1 <0.1 <0.1 <0.1 <0.1 

Nickel 1.42 1.94 2.51 3.90 <0.5 <0.5 <0.5 <0.5 <0.5 <0.5 

Thallium <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 <0.1 
Tin <0.5 <0.5 <0.5 <0.5 2.47 <0.5 <0.5 <0.5 <0.5 <0.5 
Vanadium 0.58 2.70 <0.1 8.68 0.15 <0.1 <0.1 <0.1 <0.1 <0.1 
Zinc 31.0 10.7 53.0 23.2 9.55 9.05 25.2 37.4 2.15 8.22 
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Table 1.3-9. Concentration Ranges for the Major Ash Components 
Parameter Minimum Value, mg/kg Maximum Value, mg/kg 
Aluminum <5 4280 
Calcium 147 10,900 
Iron 51.5 2310 
Magnesium 145 3410 
Phosphorus 22.9 9000 
Potassium 576 26,300 
Silicon 184 41,700 
Sodium <20 915 
Titanium <2 207 

 
 

Interlaboratory Comparison Results 
 
 The comparative analytical results of the two laboratories are presented in Tables 1.3-10 
and 1.3-11. The difference in results reported by these labs is presented as relative percent 
difference (RPD) using the following calculation: 
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RPD  [Eq. 1] 

 
 Where: 
 

a = average value from Lab A 
 

b = average value from Lab B  
 
RPD was not calculated (NC) when one or both laboratories reported “less than” values. 
 
 In general, the agreement between the two laboratories was good. There were a total of  
204 paired sets of analyses reported by the laboratories. RPDs could only be calculated for 111 
of these pairs because of nonreported values from either one or both of the labs. Of the 111 pairs, 
less than a quarter (23%, or 26 pairs) had RPDs of >20%. The majority of these were reported 
with the corn stover sample, and the fewest differences and best agreement were with the  
NJV 94-5 SRM. Although all project samples were ground to a particle size of <1 mm, which is 
recommended for biomass sample preparation, the NJV 94-5 SRM visually appeared to be 
ground much finer than the other samples. This difference in particle size, which would result in 
more heterogeneity for the EERC project samples than for the NJV 94-5 sample, could explain 
some of the differences in the results from the two laboratories. 
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Table 1.3-10. Results from the Interlaboratory Comparison of the Herbaceous Materials, dry basis 
Sample ID: Switchgrass Corn Stover Wheat Straw 
 Lab A Lab B RPD Lab A Lab B RPD Lab A Lab B RPD 
Ash (550°C), wt% 7.81 8.25 5.5 6.00 6.85 13.2 6.9 8.0 15.3 
Volatile Matter, wt% 75.61 74.0 2.1 78.30 79.70 1.8 76.46 72.5 5.3 
Calorific Value, MJ/kg 20.9 18.56 11.9 19.1 17.91 6.4 18 18.17 0.9 
Carbon, wt% 48.17 45.5 5.8 45.57 45.95 0.8 41.58 45.45 8.9 
Hydrogen, wt% 5.58 5.9 5.9 5.04 5.80 14.0 5.58 5.8 3.9 
Nitrogen, wt% 0.63 0.73 14.7 0.50 0.47 6.2 0.84 0.76 10.0 
Sulfur, wt% 0.13 0.11 16.7 0.06 0.04 48.7 0.27 0.175 42.7 
Bromine, wt% <0.0050 <0.005 NC <0.0050 <0.005 NC <0.005 <0.005 NC 
Chlorine, wt% 0.0948 0.087 8.6 0.0066 0.0074 11.4 0.2 0.18 10.5 
Fluorine, wt% <0.0050 0.018 NC <0.0050 0.014 NC <0.005 <0.005 NC 
Aluminum, mg/kg 215 130 49.3 1210 890 30.5 123 89 32.1 
Calcium, mg/kg 2850 2500 13.1 1940 1500 25.6 1310 1450 10.1 
Iron, mg/kg 296 345 15.3 904 340 90.7 135 128 5.3 
Magnesium, mg/kg 2460 2100 15.8 1580 1300 19.4 1170 1100 6.2 
Phosphorus, mg/kg 1130 735 41.9 572 340 50.9 855 750 13.1 
Potassium, mg/kg 8910 7850 12.6 6450 5450 16.8 26300 26000 1.1 
Silicon, mg/kg 24,900 25000 0.6 21,100 19000 10.5 11100 14000 23.1 
Sodium, mg/kg 48.1 <100 NC 299 <100 NC 234 120 64.4 
Titanium, mg/kg 21.9 13 51.0 59.4 17.5 109.0 5 4.25 16.2 
Antimony, mg/kg <0.1 <0.5 NC <0.1 <0.5 NC <0.1 <0.5 NC 
Arsenic, mg/kg <0.1 <1 NC 0.25 <1 NC <0.1 <1 NC 
Beryllium, mg/kg <0.1 <1 NC <0.1 <1 NC <0.1 <1 NC 
Cadmium, mg/kg <0.1 <0.2 NC <0.1 <0.2 NC <0.1 <0.2 NC 
Chromium, mg/kg 1.8 37 181 3.4 22.50 147.5 0.47 2.35 133.3 
Cobalt, mg/kg 0.15 <1 NC 0.25 <1 NC 0.12 <1 NC 
Copper, mg/kg 6.80 6.6 3.0 4.00 3.45 14.8 2.95 <5 NC 
Lead, mg/kg <0.5 <1 NC 0.52 <1 NC <0.5 <1 NC 
Manganese, mg/kg 66.2 61 9.0 70.0 32.5 73.2 41.8 51 19.8 
Mercury, mg/kg 0.0075 <0.02 NC 0.0042 <0.02 NC 0.0082 <0.02 NC 
Nickel, mg/kg 1.42 19 173 1.94 6.35 107.9 <0.5 <5 NC 
Thallium, mg/kg <0.1 <1 NC <0.1 <1 NC <0.1 <1 NC 
Tin, mg/kg <0.5 <1 NC <0.5 <1 NC 2.47 <1 NC 
Vanadium, mg/kg <0.5 <1 NC 2.70 <1 NC 0.15 <1 NC 
Zinc, mg/kg 31.0 27.5 12.0 10.7 7.10 40.4 9.55 10 4.6 
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Table 1.3-11. Results from the Interlaboratory Comparison of the Wood Materials, dry basis 
Sample ID: Eucalyptus Cottonwood NJV 94-5 Wood Fuel SRM 
 Lab A Lab B RPD Lab A Lab B RPD Lab A Lab B RPD 
Ash (550°C), wt% 0.41 0.525 24.6 1.03 1.1 4.4 1.2 1.3 3.3 
Volatile Matter, wt% 81.99 84 2.4 82.12 82.7 0.7 77.1 78.7 2.0 
Calorific Value, MJ/kg 19.4 20 3.0 19.4 19.67 1.4 21.1 20.63 2.3 
Carbon, wt% 50.20 50.15 0.1 50.25 49.7 1.1 52.7 51.6 2.1 
Hydrogen, wt% 5.54 6.1 9.6 5.25 5.9 11.4 5.88 6.1 3.7 
Nitrogen, wt% 0.10 <0.1 NC 0.09 0.11 20.0 0.17 <0.1 NC 
Sulfur, wt% 0.01 0.0215 73.0 0.03 0.033 8.5 0.02 0.023 11.8 
Bromine, wt% <0.0050 <0.005 NC <0.0050 <0.005 NC <0.005 <0.005 NC 
Chlorine, wt% 0.0477 0.044 8.1 0.0016 <0.005 NC 0.0064 0.0061 5.3 
Fluorine, wt% <0.0050 0.00565 NC <0.0050 0.010 NC <0.005 <0.005 NC 
Aluminum, mg/kg <5 <10 NC 14.2 36 86.2 273 260 5.1 
Calcium, mg/kg 587 640 8.6 2160 2153 0.3 3234 3400 5.0 
Iron, mg/kg 58.0 91.5 44.8 72.4 47 42.3 63.0 50 23.9 
Magnesium, mg/kg 145 150 3.4 619 586 5.4 306 310 1.3 
Phosphorus, mg/kg 234 220 6.2 320 290 9.8 220 180 19.9 
Potassium, mg/kg 1160 1100 5.3 2590 2663 2.8 1039 1020 1.9 
Silicon, mg/kg 578 445 26.0 184 161 13.1 246 275 11.3 
Sodium, mg/kg 72.8 <100 NC <20 <100 NC 44.6 <100 NC 
Titanium, mg/kg <2 <1 NC 2.8 2.4 16.8 1.8 1.8 0.0 
Antimony, mg/kg <0.1 <0.5 NC <0.1 <0.5 NC <0.1 <0.5 NC 
Arsenic, mg/kg <0.1 <1 NC <0.1 <1 NC 0.83 <1 NC 
Beryllium, mg/kg <0.1 <1 NC <0.1 <1 NC <0.1 <1 NC 
Cadmium, mg/kg <0.1 <0.2 NC <0.1 <0.2 NC 0.25 0.28 9.6 
Chromium, mg/kg <0.2 7.45 NC <0.2 <1 NC 0.58 <1 NC 
Cobalt, mg/kg 1.01 <1 NC 0.34 <1 NC 0.07 <1 NC 
Copper, mg/kg 1.43 <5 NC 1.43 <5 NC 1.7 <5 NC 
Lead, mg/kg 1.85 <1 NC <0.5 <1 NC 0.57 <1 NC 
Manganese, mg/kg 16.6 20 18.6 9.78 9.6 1.9 160 180 11.9 
Mercury, mg/kg <0.005 <0.02 NC <0.005 <0.02 NC <0.005 <0.02 NC 
Nickel, mg/kg <0.5 2.65 NC <0.5 <2 NC 0.3 <2 NC 
Thallium, mg/kg <0.1 <1 NC <0.1 <1 NC <0.1 <1 NC 
Tin, mg/kg <0.5 <1 NC <0.5 <1 NC <0.5 <1 NC 
Vanadium, mg/kg <0.1 <1 NC <0.1 <1 NC <0.1 <1 NC 
Zinc, mg/kg 2.15 <5 NC 25.2 23.1 8.8 36.3 38 4.6 
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 The laboratories’ recovery results of the NJV 94-5 SRM are presented in Table 1.3-12. The 
SRM did not have reference values for all of the parameters that were tested by both laboratories, 
as presented in Tables 1.3-9 and 1.3-10; therefore, only the results for the reference parameters 
are reported here. The values presented in parentheses are considered information values, 
because fewer statistical analyses were used to obtain these values than for the reference values. 
 
 The results show that both labs performed very well on the NJV 94-5 wood fuel. 
Recoveries ranged from 73% to 115% for Lab A and 73% to 125% for Lab B. The one exception 
was the chlorine recovery, which was 64% and 61% for Lab A and Lab B, respectively. 
However, it is worth noting that the chlorine value of 0.010% ± 0.0036% is an informational 
value, with a confidence interval of ±36%, which indicates that the data used to determine this 
value in the SRM were highly variable.  
 
 The results received from both labs for the NJV 94-5 wood fuel are very encouraging in 
that the methods used by the labs are suitable for this material and reproducible. These results, 
however, do not help explain the differences seen with some of the other project samples, 
especially the corn stover. Perhaps the particle-size differences and heterogeneity were an issue, 
and one option would be to modify the methods to require a top particle size of 0.5 mm or less.  
 
 
Table 1.3-12. Recovery Results for NJV 94-5 Wood Fuel SRM 

Parameter Reference Value 
95% Confidence 

Interval 
Lab A 

Recovery, % 
Lab B Recovery, 

% 
Ash (550°C), wt% 1.22 ± 0.040 99 102 
Volatile Matter, wt% (79.2)1 ± 0.60 97 99 
Calorific Value, MJ/kg 20.6 ± 0.15 102 100 
Carbon, wt% (51) ± 1.1 103 101 
Hydrogen, wt% (6.04) ± 0.082 97 101 
  Nitrogen, wt% (0.17) ± 0.050 97 NC 
  Sulfur, wt% 0.018 ± 0.0039 111 125 
Chlorine, wt% (0.010) ± 0.0036 64 61 
Aluminum, mg/kg 260 ± 32 105 100 
Calcium, mg/kg 3500 ± 220 92 97 
Iron, mg/kg 70 ± 16 90 71 
Magnesium, mg/kg 300 ± 18 102 103 
Phosphorus, mg/kg 210 ± 28 105 86 
Potassium, mg/kg 900 ± 170 115 113 
Silicon, mg/kg (230) ± 37 107 120 
Sodium, mg/kg 40 ± 12 111 NC 
Titanium, mg/kg (2.4) ± 0.44 75 73 
Arsenic, mg/kg 0.8 ± 0.24 104 NC 
Cadmium, mg/kg 0.27 ± 0.028 93 102 
Chromium, mg/kg 0.8 ± 0.30 73 NC 
Copper, mg/kg 2.2 ± 0.30 79 NC 
Lead, mg/kg 0.68 ± 0.025 84 NC 
Manganese, mg/kg 210 ± 38 76 86 
Zinc, mg/kg 38 ± 8.5 95 100 
1 ( ) indicate informational values. 
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Technology Transfer and Standards Promotion 
 
 Throughout the course of this project, the project manager was actively involved in two 
biomass standards committees: the ASABE FPE-709 committee, Biomass Energy and Industrial 
Products, and the ISO/TC 238, Solid Biofuels. She also attended two major biomass conferences: 
1) the International Biomass Conference and Expo in St. Louis, Missouri, May 1–5, 2011, and 2) 
the Biomass ’11 Conference at the Alerus Center in Grand Forks, North Dakota, July 26–27, 
2011, where aspects of this project were presented and discussed among biomass colleagues. The 
project manager also participated in the annual ISO TC 238 meeting in May 2012, which brought 
together 24 participating countries to discuss and facilitate the development and implementation 
of international biomass standards, many of which were used in this project.  
 

Predicting Slagging Behavior of Biomass Fuels 
 

Overall Plant Performance and Emissions 
 
 Overall power plant performance and emissions were predicted from the biomass fuel 
chemical compositions and heating values. Products of combustion calculations were used to 
predict ash loading in lb/MMBtu for a specified fuel feed rate and uncontrolled (i.e., in the 
absence of pollution control devices) gaseous SO2, NOx, Hg, and chloride emissions. NOx 

emissions, however, are more dependent on plant operating conditions; thus their predicted 
emissions are less precise. CO emissions are highly dependent on plant operating conditions and 
cannot be estimated. The calculated results of the overall plant performance and emissions are 
summarized in Table 1.3-13. 
 

Heating Value, Fuel Feed Rate, and Ash Content 
 
 The effect of the biomass on the heating value, fuel feed rate, and ash input was calculated 
from the Btu content and ultimate analyses of the fuels on an as-received basis. The fuel feed rate 
and ash feed rate were calculated from the proximate analyses and reported on a lb/MMBtu 
basis. 
 
 Because of the somewhat low heating values compared to an average heating value of  
6250 Btu/lb for Falkirk Mine lignite and 6800 Btu/lb for Center Mine lignite, more fuel is 
required for most of the biomass fuels (Keystone Coal Industry Manual, 2009). The exceptions 
are the dried distillers grains and the waste wood pellets, which have moisture contents 
significantly lower than the other fuels. The cottonwood and eucalyptus have exceptionally low 
heating values. 
 
 The wood fuels have very low ash contents, so much less ash is fed on a MMBtu basis. 
The grassy biomass ash contents are significantly higher. The dried distillers grains are 
intermediate in ash content. The sugar beet pulp has a very high ash content, which is probably 
the result of extraneous soil mixed with the pulp biomass.  
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Table 1.3-13. Calculated Results for Overall Plant Performance and Emissions for Biomass Fuels 

Sample ID: Switchgrass 
Corn 

Stover 

Dried 
Distillers 
Grains 

Sugar Beet 
Pulp Wheat Straw 

Loblolly 
Pine Cottonwood Aspen Eucalyptus 

Waste 
Wood 
Pellets 

Heating Value, Btu/lb 6584 5794 8118 6173 6203 5919 5209 7077 5932 8053 
Ash Content, % 5.72 4.22 3.79 11.48 5.49 0.52 0.64 0.91 0.29 0.70 
           
Fuel Feed Rate, lb/MMBtu 151.9 172.6 123.2 162.0 161.2 169.0 192.0 141.3 168.6 124.2 
Ash Feed Rate, lb/MMBtu 8.69 7.29 4.67 18.60 8.85 0.88 1.23 1.28 0.49 0.87 
           
Sulfur, % 0.10 0.04 0.87 0.22 0.22 0.01 0.02 0.03 0.01 0.01 
Sulfur, lb/MMBtu 0.14 0.07 1.07 0.35 0.35 0.02 0.04 0.04 0.01 0.01 
           
Nitrogen, % 0.46 0.35 4.40 0.88 0.67 0.08 0.06 0.11 0.07 0.06 
Nitrogen, lb/MMBtu 0.70 0.61 5.42 1.42 1.08 0.14 0.11 0.16 0.12 0.07 
           
Chlorine, mg/kg 694 47 1282 19 1601 22 10 36 339 36 
Chlorine, lb/MMBtu 0.1055 0.0081 0.1579 0.0030 0.2581 0.0037 0.0019 0.0050 0.0571 0.0045 
           
Mercury, mg/kg 0.0075 0.0042 <0.005 <0.005 0.0066 <0.005 <0.005 <0.005 <0.005 <0.005 
Mercury lb/TBtu 7.5071 4.1888 <5 <5 6.5649 <5 <5 <5 <5 <5 
           
Phosphorus, mg/kg 824 402 8062 488 685 89 200 388 166 21 
Phosphorus, lb/MMBtu 0.1252 0.0695 0.9931 0.0791 0.1104 0.0151 0.0384 0.0549 0.0280 0.0026 
           
Potassium, mg/kg 6523 4538 10562 2755 21056 603 1619 2079 824 531 
Potassium, lb/MMBtu 0.9908 0.7832 1.3011 0.4462 3.3944 0.1018 0.3108 0.2938 0.1390 0.0660 
           
Sodium, mg/kg 35 210 684 828 187 46 10 5 52 294 
Sodium, lb/MMBtu 0.0053 0.0363 0.0843 0.1342 0.0302 0.0078 0.0018 0.0008 0.0087 0.0365 
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Fuel Sulfur and Nitrogen Contents 
 
 The fuel sulfur is converted almost completely during combustion to sulfur oxides, 
primarily SO2. NOx emissions are highly dependent on plant operating conditions as well as on 
the amount of nitrogen in the fuel. Approximately half of the total NOx derives from fuel 
nitrogen and the other half from thermally generated NOx. The sulfur and nitrogen oxide 
emission values in Table 1.3-13 assume that no control device is present. The woody fuels have 
very low sulfur contents and, thus, potential SO2 emissions. The grassy biomasses are somewhat 
higher. The sulfur content of the dried distillers grains is especially high. The nitrogen 
concentrations in the biomass fuels follow a similar trend, with the woods being very low and the 
grassy biomass higher. The dried distillers grains have a very high nitrogen content. 
 

Fuel Mercury and Chlorine Contents 
 
 Both mercury and chlorine are volatilized during combustion. Mercury is released as 
elemental mercury at combustion temperatures, and chlorides are converted primarily to gaseous 
HCl. The calculated mercury and chlorine emission values do not account for the possibility of 
adsorption on fly ash or removal by a pollution control device. 
 
 The mercury concentrations are expressed in lb/TBtu. The woody biomass generally has a 
low chlorine level, with the eucalyptus being the exception. The dried distillers grains, 
switchgrass, and wheat straw also have high chlorine contents. Mercury contents are below 
detection limits for the wood fuels and are very low for the other biomass fuels. 
 

Fuel Phosphorus, Potassium, and Sodium Contents 
 
 Phosphorus generally produces very fine particles during combustion. Phosphate 
compounds may vaporize in the combustion flame and then condense in cooler regions of the 
furnace system homogeneously as single submicron particles or heterogeneously as a coating on 
existing small particles. Significant amounts of both potassium and sodium are volatilized during 
combustion and subsequently condense as sulfates, carbonates, or chlorides in the lower-
temperature regions of a boiler. They have potential for producing low-temperature deposition, 
and the fine phosphorus particles can cause “blinding” of baghouses. The woody biomass fuels 
have significantly less of these elements than the fuels derived from herbaceous biomass. The 
dried distillers grains have the highest phosphorus concentration, along with high potassium and 
sodium. This fuel is expected to cause the most severe low-temperature deposition. The wheat 
straw has the highest potassium concentration, and the sugar beet pulp the highest sodium level. 
Potassium concentrations in the switchgrass and corn stover fuels are also high. In general, the 
wood biomass fuels are expected to present fewer problems during combustion. 
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Equilibrium Thermodynamic Modeling and Viscosity Calculations 
 

Results of Thermodynamic Calculations of Viscosity and Liquid Phases 
 
 The predicted viscosities and liquid slag concentrations are summarized in Figures 1.3-1 
and 1.3-2 for the biomass fuels. A relatively low viscosity slag containing a high liquid 
concentration is indicative of a large amount of freely flowing slag that can promote severe ash 
deposition. A higher slag viscosity with a lower liquid slag concentration is indicative of a 
smaller amount of nonflowing slag, which usually results in lower ash deposition propensity. 
 
 There is, of course, some subjectivity involved in interpreting viscosity graphs, but general 
trends can often be discerned which generally follow what is observed in the boiler. Some of the 
subjectivity is related to when ash particles begin to form and interact after leaving the 
combustion flame. When a very low viscosity is observed at a low temperature, as is the case in a 
relative scenario for the waste wood pellets, the wheat straw, and eucalyptus (Figure 1.3-1), this 
can be indicative of fly ash particles with low-melting-point material, which can remain molten 
far into the back pass region of boiler. This is not a good scenario for a boiler. The molten ash 
will more readily stick to furnace heat-transfer tubes in the cooler regions of the boiler, forming 
fouling deposits. However, if the amount of low-melting-point material is very low, then fouling 
may not be as severe as expected, since there is not sufficient material to coat impacting ash 
grains and cause them to stick and form heat-transfer-impeding ash deposits. These arguments 
are used for the rest of ash deposit severity interpretation. 
 
 

 
 

Figure 1.3-1. Predicted viscosity for biomass fuels. 
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Figure 1.3-2. Predicted liquid slag concentrations for biomass fuels. 
 
 
 The corn stover and dried distillers grains have relatively high viscosities of 6.0–5.2 and 
6.1–4.5 log10 poise in the normal furnace exit gas temperature (FEGT) range of 2000°–2200°F 
(1093° to 1204°C). They also have moderate to small amounts of liquid slag (44% and 2%). 
These fuels should exhibit little or no silicate-based high-temperature fouling. It is noted that the 
temperature corresponding to the maximum viscosity of 250 poise is the temperature at which 
slag begins to flow, called the T250 temperature. The waste wood pellets, wheat straw, 
eucalyptus, and beet pulp may exhibit problematic fouling, since they show a very low viscosity 
along with high or moderate amounts of liquid slag material commencing at approximately 
1400°F (800°C). Specifically, the eucalyptus and the waste wood pellets melts are at the T250 
temperature at approximately 1975°F (1079°C) and 1575°F (857°C), respectively, indicative of 
potentially bad fouling or slagging. The switchgrass may also exhibit silicate-based fouling in the 
FEGT range, because of its moderate viscosity value and high amount of liquid phase in the 
critical temperature ranges from burner to back pass. The cottonwood and aspen were not 
calculated to have any liquid silicate phases, probably because of the small amount of ash and 
the volatility of potassium which composes a significant portion of their ashes.  
 
 The science of looking at relative viscosity curves is especially useful if the particular 
boiler has experience with some of the fuels. If waste wood typically does not develop ash 
deposits in the boiler, the viscosity curves agree with that observation; then predicted viscosity 
plots can be used to plan for different biomass types that might be fired in the boiler. As a 
disclaimer, viscosity curves should not be the sole source of evaluation. The viscosity analysis 
should also bear witness to some degree to the ash amounts and ash contents of the biomass 
fuels. Wheat straw and beet pulp, for example, had the highest ash contents and fairly high levels 
of alkali, such as potassium and sodium (Table 1.3-7), which act as fluxing agents in higher-
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temperature silicate melts. These biomass types also showed the lowest predicted viscosity levels 
over all temperature ranges; so there is some agreement and validation between composition and 
viscosity data. 
 

Comparison of Calculated Viscosity and Ash Fusion Temperatures 
 
 Compared in Table 1.3-14 are empirical ash fusion temperatures (initial, softening, 
hemispherical, and fluid) and predicted T250 temperatures based on the bulk ash composition and 
the liquid slag composition predicted by FactSage. Ash fusion temperatures are used as 
indicators of the fouling and slagging propensity of a fuel ash. 
 
 The T250 temperatures based on the bulk ash analyses are, with the exception of the wheat 
straw, well outside the range of the ash fusion temperatures. The T250 temperatures based on the 
viscosities of the liquid slags predicted by FactSage compare more favorably to the ash fusion 
temperatures for several of the fuels. However, the FactSage calculations severely overpredict 
temperatures for the formation of liquids from the corn stover and dried distillers grain fuels. 
Conversely, FactSage calculations for the eucalyptus and waste wood pellets severely 
underpredict liquid formation temperatures. 
 

Results of Thermodynamic Calculations of Chlorine, Potassium, and Sodium 
 
 The predicted percentages of gaseous chlorine, potassium, and sodium as a function of 
temperature are presented in Figures 1.3-3–1.3-5, respectively. Condensation, characterized by a 
decline in gaseous elemental percentage, occurs over a wide range of temperature. As indicated 
in Figure 1.3-3, gaseous chlorine begins to decrease over a temperature range of 932°–1337°F 
 
 
Table 1.3-14. Comparison of Ash Fusion Temperatures with Predicted T250 Temperatures 
 Empirical Calculated 
 

Initial 
Temp., °F 

Softening 
Temp., 

°F 
Hemispherical 

Temp., °F 

Fluid 
Temp., 

°F 
Bulk 

Ash T250 
Liquid 

Slag T250 
Switchgrass 2015 2184 2328 2485 2547 2149 
Corn Stover 2147 2222 2284 2403 2717 >2732 
Dried Distillers 

Grains 
1336 1370 1434 1616 <932 >2732 

Sugar Beet Pulp 2236 2251 2266 2313 2655 2327 
Wheat Straw 1610 1698 1953 2268 1726 2068 
Loblolly Pine 2209 2218 2226 2238 2054 2211 
Cottonwood >2800 >2800 >2800 >2800 1062 >2732 
Aspen >2800 >2800 >2800 >2800 <932 >2732 
Eucalyptus  >2800 >2800 >2800 >2800 1440 1993 
Waste Wood Pellets 2341 2378 2404 2452 1576 1581 
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Figure 1.3-3. Percentage of gaseous chlorine versus temperature. 
 
 

 
 

Figure 1.3-4. Percentage of gaseous potassium versus temperature. 
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Figure 1.3-5. Percentage of gaseous sodium versus temperature. 
 
 
(500°–725°C). Wheat straw is the exception, with condensation beginning at a much higher 
temperature of approximately 1900°F (1038°C). The temperature at which condensation begins 
is approximately related to the amount of chlorine in the biomass fuels; the higher the chlorine 
concentration, the higher the condensation temperature. Wheat straw has the highest chlorine and 
potassium concentrations of all the biomass types analyzed (Table 1.3-7). The presence of higher 
alkali (sodium and potassium) concentrations may also increase the chlorine condensation 
temperature. 
 
 As indicated in Figure 1.3-4, the condensation characteristics of potassium in the biomass 
fuels fall into two general groups. Eucalyptus, aspen, cottonwood, and waste wood potassium 
condenses at lower temperatures than the herbaceous fuels and loblolly pine. The condensation 
temperature is approximately related to the concentration of potassium in the fuels. 
 
 Sodium also has two general groups of condensation temperatures. Sodium in the 
cottonwood and aspen fuels is predicted to condense at lower temperatures than the other fuels. 
The spike in gaseous sodium percentage for the switchgrass is an artifact of the thermodynamic 
calculation and is probably not representative of the actual characteristics of sodium 
condensation. 
 

Results of Thermodynamic Calculations of Trace Elements 
 
 The predicted percentages of various gaseous trace elements are plotted as a function of 
temperature in Figures 1.3-6–1.3-19. The following discussion examines the condensation 
temperature, where the gaseous percentage begins to decline.  
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Figure 1.3-6. Percentage of gaseous lead versus temperature. 
 
 
 

 
 

Figure 1.3-7. Percentage of gaseous thallium versus temperature. 
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Figure 1.3-8. Percentage of gaseous mercury versus temperature. 
 
 
 

 
 

Figure 1.3-9. Percentage of gaseous cadmium versus temperature. 
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Figure 1.3-10. Percentage of gaseous molybdenum versus temperature. 
 
 
 

 
 

Figure 1.3-11. Percentage of gaseous selenium versus temperature. 
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Figure 1.3-12. Percentage of gaseous arsenic versus temperature. 
 
 
 

 
 

Figure 1.3-13. Percentage of gaseous zinc versus temperature. 
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Figure 1.3-14. Percentage of gaseous copper versus temperature. 
 
 
 

 
 

Figure 1.3-15. Percentage of gaseous nickel versus temperature. 
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Figure 1.3-16. Percentage of gaseous cobalt versus temperature. 
 

 

 
 

Figure 1.3-17. Percentage of gaseous chromium versus temperature. 
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Figure 1.3-18. Percentage of gaseous vanadium versus temperature. 
 
 
 

 
 

Figure 1.3-19. Percentage of gaseous beryllium versus temperature. 
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Lead 
 
 As indicated in Figure 1.3-6, lead is predicted to be completely gaseous at ≥1300°F 
(704°C). The biomass fuel lead condenses over a relatively narrow range from 1292°F (700°C) 
for the beet pulp to 887°F (475°C) for the switchgrass. 
 

Thallium 
 
 The beet pulp is the only biomass fuel with a detectable thallium concentration. According 
to Figure 1.3-7, thallium begins to condense at 1337°F (725°C). 
 

Mercury 
 
 Only the switchgrass, corn stover, and wheat straw had detectable mercury concentrations. 
The mercury remains gaseous over the temperature range modeled (Figure 1.3-8) primarily as 
HgCl2, with a small amount of HgO. Both species are soluble and should be removed by wet 
scrubbing of the flue gas. 
 

Antimony and Tin 
 
 Antimony and tin were below analytical detection limits in the biomass samples. 
 

Cadmium 
 
 No detectable cadmium was found in the dried distillers grains. As indicated in  
Figure 1.3-9, cadmium was predicted to condense from 752°F (400°C) for wheat straw to 
1067°F (575°C) for the corn stover and loblolly pine.  
 

Molybdenum 
 
 Molybdenum in the biomass fuels displays three general groups of condensation 
temperatures in Figure 1.3-10. Molybdenum in the cottonwood, aspen, eucalyptus, and waste 
wood condense from 1872° (1022°) to 1922°F (1050°C). In a second group of switchgrass, beet 
pulp, wheat straw, and eucalyptus, molybdenum condenses from 1382° (750°) to 1517°F 
(825°C). Molybdenum in the corn stover and loblolly pine are predicted to condense at 1112°F 
(600°C). The dried distillers grains are anomalous, showing a very low molybdenum 
condensation temperature of 662°F (350°C). The condensation temperatures do not seem to be 
related to molybdenum concentration and are probably related to the interaction of molybdenum 
with the other elements present in the fuels. 
 

Selenium 
 
 Only the wheat straw and loblolly pine contained detectable concentrations of selenium. 
As indicated in Figure 1.3-11, selenium is predicted to condense at 616° (324°) and 572°F 
(300°C) from the wheat straw and loblolly pine combustion flue gases, respectively. 
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Arsenic 
 
 As shown in Figure 1.3-12, condensation temperatures for arsenic range from 1787° (975°) 
to 1832°F (1000°C) for the cottonwood, eucalyptus, and aspen fuels, with the waste wood 
somewhat lower at 1697°F (925°C). Arsenic is predicted to condense from the dried distillers 
grains combustion flue gas at 932°F (500°C). Arsenic condensation temperatures for the other 
fuel flue gases cluster in a range from 1247° (675°) to 1382°F (750°C). 
 

Zinc 
 
 Zinc (Figure 1.3-13) is predicted to condense from most of the biomass fuel combustion 
flue gases from 2012° (1100°) to 2282°F (1250°C). All of the fuels show a generally similar 
trend of condensation. The anomalous zinc condensation behavior of the switchgrass and dried 
distillers grains at low temperatures is probably an artifact of the thermodynamic calculations. 
 

Copper 
 
 As shown in Figure 1.3-14, the copper condensation temperature is predicted to be highest 
for the waste wood fuel at 2192°F (1200°C), There are three low copper condensation 
temperature outliers, dried distillers grains at 1247°F (675°C), switchgrass at 1607°F (875°C), 
and eucalyptus at 1877°F (1025°C). The other biomass fuels have predicted copper condensation 
temperatures in the range of 1877° (1025°) to 2102°F (1150°C). The temperatures seem to be 
unrelated to copper concentration. 
 

Nickel 
 
 The predicted nickel condensation temperatures (Figure 1.3-15) for aspen, cottonwood, 
and eucalyptus are lower than for the other fuels at 1652° (900°) to 1787°F (975°C). Nickel 
condensation temperatures for the other biomass fuels range from 1922° (1050°) to 2012°F 
(1100°C). 
 

Cobalt 
 
 As indicated in Figure 1.3-16, cobalt is very refractory in the biomass fuels. Effectively, no 
cobalt remains gaseous at <2327°F (<1275°C). The plot for the dried distillers grains is 
anomalous, a result of the thermodynamic calculations. 
 

Manganese 
 
 Similar to cobalt, manganese is refractory in the biomass fuels. Although not plotted, 
gaseous manganese is lacking at <2732°F (<1500°C), the maximum temperature considered in 
the calculations. 
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Chromium 
 
 The predicted condensation temperatures for chromium in the biomass fuels  
(Figure 1.3-17) span a broad range, from 1202° (650°) to 2192°F (1200°C), with no definite 
pattern. The condensation temperatures seem to be unrelated to chromium concentration. 
 

Vanadium 
 

Vanadium in the aspen, cottonwood, and eucalyptus fuels is predicted to condense, as 
shown in Figure 1.3-18, at >2732°F (1500°C). Vanadium in the dried distillers grains is 
predicted to condense at 2102°F (1150°C). Vanadium condensation temperatures for the other 
fuels cluster from 2282° (1250°) to 2507°F (1375°C). The vanadium condensation temperatures 
seem to be unrelated to concentration. 
 

Beryllium 
 

Only the corn stover and the beet pulp fuels contained beryllium above the analytical 
detection limit. In Figure 1.3-19, beryllium condenses from the corn stover and beet pulp 
combustion flue gases at 1472° (800°) and 1607°F (875°C), respectively. 
 

Progress Update on the Development of Biomass SRMs 
 
 Although the efforts of this project did not coincide with the SRM development efforts at 
NIST to result in the current availability of biomass certified reference materials, work has now 
begun at NIST, and biomass reference materials will be available in the near future. NIST is in 
the process of acquiring large quantities (>100 kg) of at least two different biomass materials, 
one of which will be a woody biomass. The EERC and others in the biomass industry have 
provided NIST with valid justification for this development and will continue to follow its 
progress. EERC researchers will also remain involved in biomass standards development through 
continued membership in biomass committees. 
 
 
SUMMARY 
 
 More than 50 analytical methods for biomass materials were collected and reviewed for 
this project. The methods were obtained from ISO, CEN, ASTM, and ASABE. The final 
selection was narrowed down to 16 methods for the analysis of the following parameters that are 
typically associated with fuel quality for combustion systems: proximate analysis (moisture, ash, 
volatile matter, and fixed carbon), ultimate analysis (carbon, hydrogen, nitrogen, sulfur, and 
oxygen), calorific value, halogens (bromine, chlorine, and fluorine), ash chemistry (major and 
minor elements), trace elements (arsenic, lead, mercury, selenium, etc.), ash fusibility, and bulk 
density.  
 
 The CEN methods were specifically written for biomass fuels, while most of the ISO and 
ASTM methods were written for other fuels, such as coal, coke, and refuse-derived fuel. 
However, ISO currently has a committee, ISO/TC 238, Solid Biofuels, with six working groups 
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that are reviewing the CEN standards and will adopt many of these standards for publication as 
ISO standards. The U.S. Technical Advisory Group for ISO/TC 238 is ASABE. 
 
 To help evaluate the applicability of these standard test methods to various biomass 
materials, a total of ten different biomass samples were collected for this project. They included 
switchgrass, corn stover, wheat straw, dried distillers grains, beet pulp, aspen, cottonwood, 
eucalyptus, loblolly pine, and waste wood pellets. The intent was to select candidates that are 
predominantly being used or have the potential to be used in the United States as feedstocks for 
energy production. The other consideration was to choose materials that had varying chemical 
characteristics to better evaluate the test methods selected.  
 
 The analytical results showed that the materials selected did indeed represent a wide range 
of chemical and physical characteristics. The ash and chlorine content varied greatly among the 
ten fuels analyzed. The alkali and alkaline-earth metals (K, Na, Ca, Mg), were much higher in 
the herbaceous biomass materials than in the woody biomass. Many of the trace metals, 
including mercury, were very low in all the materials analyzed, which makes these materials an 
attractive energy source to help reduce overall HAP emissions. 
 
 A small interlaboratory comparison was done with the analysis of five of the ten project 
samples and one SRM. The results compared well, with the exception of the corn stover sample. 
The agreement between the laboratories for the NJV 94-5 was very good, as well as the 
recoveries calculated for both labs. It was suspected that there was more heterogeneity in the 
project samples than in the SRM, which led to the difference in the results.  
 
 The project results were used to help evaluate plant performance of the biomass fuels. The 
dried distillers grains and waste wood pellets have the highest heating values, slightly greater 
than 8000 Btu/lb, whereas the cottonwood and eucalyptus have the lowest heating values  
(≈5100 Btu/lb). The wood fuels have very low ash contents (<1.0 wt%), and the grassy biomass 
ash contents are significantly higher (4–11 wt%). 
 
 The woody biomass fuels have very low sulfur and nitrogen contents and thus potential 
SO2 and NOx emissions (≤0.04 and ≤0.17 lb/MMBtu, respectively). The grassy biomass fuels 
contain higher sulfur and nitrogen contents. The sulfur and nitrogen contents of the dried 
distillers grains are especially high. 
 
 The woody biomass fuels generally have low chlorine concentrations (<40 mg/kg), with 
the eucalyptus being the exception. The dried distillers grains, switchgrass, and wheat straw have 
the highest chlorine contents (>600 mg/kg). Mercury contents are below detection limits for the 
wood fuels and are very low (≤0.0075 mg/kg) for the other biomass fuels. 
 
 Phosphorus, potassium, and sodium generally participate in low-temperature ash 
deposition mechanisms in the primary superheater, economizer, and pollution control device 
regions of a boiler. The woody biomass fuels have significantly less phosphorus, potassium, and 
sodium contents than the fuels derived from herbaceous biomass. The dried distillers grains are 
expected to cause the most severe low-temperature ash deposition problem because they have the 
highest total concentrations of phosphorus, potassium, and sodium. The wheat straw has the 
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highest potassium concentration and the sugar beet pulp the highest sodium level. Potassium 
concentrations in the switchgrass and corn stover fuels are also high. In general, the woody 
biomass fuels are expected to present the lowest propensity for low-temperature fouling. 
 
 The corn stover and dried distillers grain fuels are predicted to cause little or no silicate-
based high-temperature fouling. The beet pulp, switchgrass, eucalyptus, and waste wood pellet 
fuels may cause problematic silicate-based fouling based on liquid concentration and viscosity 
predictions. The cottonwood and aspen are expected to pose no silicate-based fouling, because 
they lack liquid silicate phases. 
 
 Predicted T250 temperatures, based on bulk ash compositions, did not compare favorably 
with measured ash fusion temperatures for the biomass fuels. T250 predictions based on the 
FactSage calculated slag compositions were better but still resulted in significant differences 
from the experimental ash fusion temperatures. It is believed this is due to the volatilization of 
significant amounts of potassium and sodium from the ash on heating at 815°C, which alters the 
ash chemistry and melting point.  
 
 The condensation of chlorine, potassium, and sodium species is predicted to occur over a 
wide temperature range. This range is generally below FEGT conditions. Condensation is 
partially controlled by concentration, with condensation occurring at higher temperatures for 
higher elemental concentrations. Condensation may also be partially controlled by the presence 
of other ash components. 
 
 With the exception of mercury, all of the trace elements with detectable concentrations 
were predicted to condense at temperatures of >400°F (>204°C), well above the temperature of 
flue gas exiting particulate control devices. Depending on the particle size, these trace elements 
should be removed by particulate control devices. Although gaseous, mercury is predicted to be 
in the form of chloride and oxide, which would be captured by a wet scrubber. 
 
 For the trace elements calculated to exhibit condensation, there is a wide range of 
condensation temperatures for the individual biomass fuels. This temperature range is probably 
not representative of trace element condensation but rather interactions with the other elements 
present in the ash and flue gas. The calculations indicate that there can be a wide variation in the 
temperature and location at which a particular trace element will condense in a combustion 
system. 
 
 Although the efforts of this project did not coincide with the SRM development efforts at 
NIST to result in the current availability of biomass-certified reference materials, work has now 
begun at NIST, and biomass reference materials will be available in the near future. The EERC 
and others in the biomass industry have provided NIST with valid justification for this 
development and will continue to follow its progress. EERC researchers will also remain 
involved in biomass standards development through continued membership in biomass 
committees. 
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SUBTASK 1.4 – BIOMASS GASIFICATION TO ELECTRICITY 
 
 
INTRODUCTION 
 
 In order to effectively utilize vast reserves of opportunity fuels available within North 
America, Cummins Energy Solutions Business (ESB) and the EERC collaborated to develop 
gasification-based combined heat and power (CHP) technology employing the EERC’s advanced 
fixed-bed gasification process and Cummins’ existing line of natural gas engines for the North 
American market modified to operate on syngas. 
 
 The typical syngas produced from biomass waste fuels consists of about 16%–18% H2 and 
CO, 1.5%–2% CH4, 12%–15% CO2, and the rest N2. The lower calorific value is in the range of 
130 ± 20 Btu/scf. This fuel specification is outside the regime of those recommended by the 
engine manufacturers for standard gas engine operations, which voids the engine warranty for 
syngas operation, a serious impediment to developing low-risk commercial biomass-based CHP 
units. 
 
 The EERC’s advanced fixed-bed gasifier (AFBG) can convert a range of carbonaceous 
fuels, including forestry, agricultural, and industrial biomass waste; animal waste; waste plastics; 
treated biomass wastes such as cross ties or cable poles; and a range of coals into clean syngas. A 
vast range of these fuels have been tested in the AFBG as a first step toward developing 
distributed CHP technologies for commercial partners, with a motivation to utilize opportunity 
fuels. Since the physicochemical properties of these opportunity fuels vary because of variations 
in their origin, storage, and aging, the composition of syngas obtained is also expected to vary 
even when operated using the same gasification medium, particularly air. This variation can 
affect the performance of the internal combustion (IC) engine generator and its stack emissions. 
Understanding these variations and the effect on engine performance is critical in developing 
engine control strategies for a more robust and reliable engine operable on challenging fuels like 
syngas. A pilot-scale CHP test system can become a valuable tool in generating fuel-specific 
information for adjusting both the engine design and operating parameters prior to market 
launch. Such a test system provides valuable data to the technology developer and helps 
demonstrate to potential end users and environmental permitting agencies the operational 
capabilities of the system. These confidence-building efforts are critical to successful market 
penetration for emerging waste-to-energy technology in the midst of existing competition from 
established natural gas-fueled CHP systems.  
 
 The overall goal of this program was to establish a pilot-scale CHP test facility capable of 
determining engine performance and stack emissions as a function of syngas composition in the 
EERC’s AFBG. Such a system will provide an opportunity to test the ability to generate clean 
energy for complex waste feedstocks and test IC engines with different performance 
characteristics on a variety of challenging syngas compositions. Under this program, experts 
from multidisciplinary fields, particularly the EERC with its gasification expertise; engine expert 
teams from Cummins Power Generation Group, including ESB and G-Drive Engineering; and 
Advance Engineering Group, worked together to develop a dependable power system that can be 
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backed by a manufacturer’s warranty. This partnership is a win–win situation for end users and 
the developers of this environmentally friendly technology, Cummins ESB and the EERC.  
 
 The goal of the current project was to determine the capabilities of a Cummins lean-burn 
spark ignition (SI) engine operating on syngas produced from the EERC’s AFBG. 
 
 
BACKGROUND 
 
 Among the off-the-shelf syngas-to-electricity conversion systems, the IC engine is the 
lowest-cost-per-kW fuel conversion technology. It has established a strong market base for 
distributed CHP systems because of its reliability and high efficiencies attributed to recent 
advancements. These engines are classically designed and optimized to operate on energy-dense 
fossil fuels (e.g., natural gas and propane), with a typical higher heating value (HHV) of greater 
than 975 Btu/scf (see Appendix A for Cummins gas engine fuel specifications) and biogas with 
methane as the primary fuel component. In contrast to this engine fuel, the syngas is a mixture of 
CO, H2, CH4, and CxHx (higher hydrocarbons), with HHV of 120 btu/scf. 
 
 The manufacturers of heavy-duty natural gas engines use either the methane number (MN) 
or motor octane number (MON) for specification of gas quality requirements. Both MON and 
MN are measures of the knock resistance of the fuel, with the difference being the reference 
fuels used. MN uses a reference fuel blend of methane with a MN of 100 and hydrogen with a 
MN of 0. In order for Cummins gas engines to achieve best emission performance, reliability, 
and durability, a minimum MN is 80, while engines equipped with a knock-sensing and control 
system require a minimum MN of 65 (Appendix A). 
 
 The pure or diluted methane has about 30% lower flame speed than syngas containing high 
hydrogen and low methane concentrations (U.S. Environmental Protection Agency, 2008). The 
hydrogen-rich syngas composition is, therefore, not a preferred fuel. In order to use a standard 
syngas in these engines, the engine operation parameters such as fuel/air ratio (or lambda as 
defined in the engine literature) and ignition timing are required to be adjusted to meet the engine 
design specifications and minimize engine derating and emissions. The adjustment of the engine 
control system and fuel injection system remains a challenge and requires extensive efforts in 
understanding engine performance.  
 
 CO-rich syngas (H2/CO <1) is the preferred fuel composition; however, the CO emission 
in the stack is expected to be higher as a consequence of the presence of unburned syngas. Since 
CO is one of the criteria pollutants, a catalytic muffler becomes an imperative control device on 
all sizes of CHP technology. These catalytic mufflers are expensive, consumable units requiring 
replacement and resulting in an increase in operating costs. 
 

Assuming that syngas operation will fall under the natural gas requirements of the U.S. 
Environmental Protection Agency’s (EPA’s) rule (U.S. Environmental Protection Agency, 
2008), the emission limits are provided in Table 1.4-1 along with estimates for the corresponding 
volume concentration limits, assuming syngas operation. 
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Table 1.4-1. Emission Limits Based on EPA’s Current Rule for Stationary Engines 
 EPA Emission Standard* 
Constituent g/hp-hr (g/kWh) 15% O2 (5% O2), ppmv dry  
NOx 2.0 (2.7) 160 (427) 
CO 4.0 (5.3) 540 (1440) 
VOC 1.0 (1.3) 86 (229) 

* Owners and operators of stationary, noncertified, SI engines may choose to comply with the emission standards in units 
 of either g/hp-hr or ppmvd at 15% O2. 

 
 
 Based on the limited data available in the open literature, NOx and volatile organic 
compound (VOC) emission limits have been achievable with IC engines fueled by wood syngas,  
but CO emission limits have generally not been attained. Unlike the natural gas engine, where 
the CO emission primarily results from partially burned hydrocarbons, syngas-fueled engines 
produce CO emissions as a result of unburned fuel leaving the combustion chamber. Since the 
amount of hydrocarbon in the syngas ranges between 1.5% and 2% (primarily CH4), CO 
contribution because of unburned hydrocarbon is insignificant.  
 

Representative data for GE Jenbacher engines have been reported by Elsenbruch (2008) 
and are reproduced in Table 1.4-2. The CO emission values in Table 1.4-2 are approximately  
2–4 times the current EPA limit. They are also higher than limits mandated in Europe; therefore, 
testing has been performed with catalytic muffler technology to oxidize residual CO into CO2. 
Elsenbruch (2008) reported a conversion efficiency of greater than 80% for up to 2000 hr of 
operation at the Harboore and Gussing plants. Catalyst lifetime may be an issue for syngas 
operation; therefore, the preferred technique to meet CO emission requirements would be to 
reduce CO levels upstream of the catalytic converter or inject hydrogen in the fuel stream as was 
investigated by Xu et al. (2009). 

 
The EERC’s AFBG is capable of gasifying high-moisture or green biomass (35%–45% 

moisture) and producing clean hydrogen-rich syngas (see Figure 1.4-1), attaining high (75%–
85%) gasification efficiency. Increasing the H2/CO ratio in the syngas as opposed to injecting 
hydrogen in the fuel stream, as indicated by Xu et al. (2009), could be a natural fit for a low-
emission CHP system for utilizing high-moisture biomass fuels.  
 
 

Table 1.4-2. Engine Emission Data for Several European Wood Gasification Plants 
(Elsenbruch, 2008) 
 Fuel Gas Exhaust Gas 
Plant H2, % CO, % NOx, mg/Nm3 CO, mg/Nm3 
WUT Wamsler 9–12 20–26 50–150 2500–3500 
Boizenburg 13–15 16–20 200–250 3000–3500 
Harboore 18–20 20–30 200–400 2000–3500 
Gussing 30–45 20–30 450–500 3000–4500 
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Figure 1.4-1. Schematic of integrated EERC AFBG and Cummins engine generator pilot test 
system. 

 
 
GOAL AND OBJECTIVE 
 
 The goal of the current project was to make the Cummins-selected natural gas engine 
GTA8.3SLB operational on syngas produced in the EERC AFBG. Under this project, the EERC  
operated the AFBG using multiple biomass feedstocks and provided syngas for engine operation, 
supported by the Cummins engineering team. The test objectives were to utilize operational 
capabilities of the AFBG that allow variation in syngas composition in order to determine an 
optimum range of H2/CO ratio suitable for engine operation under load conditions and 
troubleshoot previously observed difficulties in maintaining steady-state operation. The test 
outcome was aimed at developing a preliminary understanding of the challenges associated with 
the operation of lean-burn engines on low-energy-density syngas and test off-design engine 
operating parameters such as “lamda” or fuel/air ratio, required for achieving stable and low-
emission operation of the selected engine generator. 
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EXPERIMENTAL 
 

Experimental Setup 
 
 Figure 1.4-1 shows a schematic of the integrated biomass-to-electricity pilot test system, 
including the EERC AFBG and the Cummins engine generator. Figure 1.4-2 depicts the location 
of the Cummins syngas engine with respect to the EERC’s NCHT® building (“R”) and engine 
stack location. The clean syngas produced in the gasifier located in the NCHT building and the 
engine generator, including syngas injection, engine control, and emission measurement systems, 
are located on the east side of the NCHT building, as shown in Figure 1.4-2. A description of the 
individual AFBG and the engine test setup follows. 
 
 

 
 

Figure 1.4-2. Location of the Cummins syngas engine with respect to EERC National Center for 
Hydrogen Technology® (NCHT®) building (“R”) and location of stack. 
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AFBG System Description 
 
 The gasifier design philosophy is based on the production of clean syngas with high 
conversion efficiency and achieving near-zero effluent discharge from the overall system. The 
production of clean syngas is achieved by converting the complex organics in the hot zones of 
the gasifier. The near-zero effluent discharge is achieved by recycling the trace amount of 
unconverted organics in the syngas into the gasifier hot zones such that syngas (composition) 
production is favored. 
 
 The main components of the gasifier system include a fixed-bed downdraft gasifier reactor, 
a fuel feed system, a syngas-scrubbing and polishing system, a syngas exhaust system, an 
auxiliary fuel feed system, a residue extraction system, an induced-draft (ID) fan, and an 
instrumentation and control system. A photograph of the system is shown in Figure 1.4-3. A  
3-D representation of the gasifier is shown in Figure 1.4-4. The system is Class 1, Division 2, 
Group B for the operation of electrical components in explosive gas environments. 
 
 Chipped fuels are screw-fed from the top of the gasifier. The syngas is removed from the 
reactor outlet at the bottom of the gasifier. The nominal throughput of the biomass is 33 lb/hr; 
however, maximum capacity can reach 100 lb/hr depending on the type and size of the fuel, its 
reactivity, and gasifier operating parameters. The fuel hopper can store about 200 lb of biomass 
or 400 lb of coal. Steady-state gasification can be achieved within 30 min of ignition, depending 
on the fuel moisture content and fuel reactivity. Solid residue is extracted from the bottom of the 
gasifier.  
 
 Clean syngas is produced in the hot zone of the gasifier by staging the oxidizer to combine 
devolatilization, partial oxidation, and reduction reactions. The reactor geometry in the upper 
zone of the gasifier is designed to allow a smooth flow of the chipped fuel and gasification air. 
The air injection occurs in this zone. The overall gasifier operating pressure is maintained 
slightly below atmospheric pressure. The ID fan located downstream of the syngas cleanup 
system is sized to overcome the system pressure drop at a rated flow rate.  
 
 Syngas, after exiting the reactor, is scrubbed in a two-stage water scrubber and syngas 
polisher. The first section cools the hot syngas and removes the condensable tars. The second 
stage effectively scrubs the remaining tars that are typically formed only under high tar-loading 
conditions attained during severe conditions such as high fuel throughput or high fines loading. 
The final syngas polisher removes carryover tar and particulate matter. This syngas-polishing 
system can be bypassed depending on the syngas quality required. Both scrubbing systems are 
closed-looped in order to facilitate determination of condensable and soluble organic and 
inorganic components of the syngas. The solids removed in the scrubbing mediums can be 
removed in the filtration system. The flow rate of the syngas and gasification air is measured 
using orifice flowmeters. The syngas flowmeter is located downstream of the blower; the 
gasification injection air is measured upstream of the gasifier. 
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Figure 1.4-3. Photographs of commissioned AFBG pilot plant. 
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Figure 1.4-4. 3-D view of the pilot plant gasifier depicting major components of system. 
 
 
 The clean syngas is routed through the enclosed combustor and flared at an elevation of 
16 ft from the roof height. The flare in the pilot system has a hot surface igniter; the combustion 
air is induced by the ejector effect caused by the flow of syngas. A gas-sampling port is provided 
at the exit of the flare for determining flare emissions. 
 
 The clean syngas composition is determined using an online gas analyzer capable of 
measuring CO, CO2, O2, N2, H2, CH4, and higher hydrocarbons. A quasi-online gas 
chromatograph (GC) is used for determining trace hydrocarbon gases in the syngas. Additional 
sample ports are available for conducting isokinetic sampling of syngas to measure tar and 
particulate matter according to the modified European tar protocol (Kantikar, 1993) and EPA 
Method 5. These samples can be obtained from the syngas both before and after syngas cleanup 
unit operations. 
 
 The bed and syngas temperatures are measured at several locations to provide both process 
control and operational monitoring. 
 

Syngas Supply System Modifications  
 
 In order to supply syngas during the engine operation at a desired flow rate and cutoff 
supply during nonoperational periods, the syngas line downstream of the blower is modified. As 
shown in Figure 1.4-1, the original pipe carrying syngas to the flare system is bifurcated into two 
streams with the help of a “tee section” and shutoff valves (ball valves) in each line. An orifice 
flowmeter is installed on the syngas engine supply line for determining the syngas flow rate 
supplied to the engine. An additional booster blower is installed on the engine supply line, with 
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the provision for a bypass required for syngas feed pressure control at a constant blower speed. 
The variable-frequency drive is also provided for additional syngas pressure/flow control. An 
inline packed-bed filter in tandem with fine cloth filters are installed between the two blowers in 
order to avoid particulate carryover that may occur at high syngas flow conditions and to damp 
pressure fluctuations caused by surges in flow rate resulting from engine on/off or sudden load 
change that may occur during engine operation. The supply system is connected to the engine 
test bed through a series of check valves to prevent back flow during stand-alone gasifier 
operation.  
 

Natural Gas Supply System 
 
 The test engine was originally designed to operate on natural gas. The natural gas was, 
therefore, used to conduct the baseline performance test in order to compare its performance on 
syngas. In addition to the syngas supply system, a dedicated natural gas supply system was also 
provided to the engine test bed. The natural gas supply system consists of a series of coarse and 
fine pressure regulators, ball valves, and a check valve. The natural gas was supplied to the 
engine test bed during baseline testing. Since the engine was expected to operate only on syngas, 
the natural gas supply hardware on the engine test bed was replaced with a syngas supply system 
during normal engine operation. The natural gas supply system was completely shut down and 
stored during such conditions.  
 

Engine Test Bed 
 
 Figure 1.4-5 shows a photo of the Cummins GTA8.3SLB engine generator donated by 
Cummins Power Generation. The engine test bed consists of a Cummins proprietary syngas 
control system, engine performance-monitoring and control system, and engine exhaust 
emission system. Based on the experimentally determined syngas composition for the EERC 
AFBG, Cummins engineers selected the GTA8.3SLB engine, rated at 175 hp (130 kW), for the 
syngas application. The primary reason for selection was its resistance to engine knocking, 
because of its low 8.5:1 compression ratio and that it is electronically controlled as well as 
because it is a simple lean-burn engine that does not use a catalyst to meet the 2-g NOx,  
4.0-g CO, and 1.0-g nonmethane hydrocarbon output-per-horsepower-hour requirements in 
accordance with proposed EPA limits.  

 
 This emission performance is achieved without the use of any detonation sensor, one of the 
engine-qualifying requirements of Cummins engineers for syngas application, particularly for a 
small-scale engine.  

 
 On natural gas operation, the 8.3-L inline 6 GTA8.3SLB provides 511 lb-ft (693 N-m) of 
torque at 1800 rpm and was designed for wellhead and related gas compression applications. 
GTA8.3SLB uses Cummins air/fuel ratio control, an Altronic CD200 electronic ignition, and a 
Woodward electronic governor.  
 
 The syngas supply system on the engine test bed contained proprietary modifications. The 
engine ignition system was also modified and pretested based on the engineering team modeling 
efforts. 

http://medical-dictionary.thefreedictionary.com/EPA
http://www.thefreedictionary.com/wellhead
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Figure 1.4-5. Engine test system. 
 
 

Test Fuels 
 
 The bases for fuel selection were its availability and its near-zero or negative cost. The 
feedstocks selected were, therefore, two different softwoods representing widely available wood 
species of great commercial interest.  
 
 Figure 1.4-6 shows the wood species used in the experiments: a) chipped pine wood and  
b) chipped green poplar wood waste. The pine wood was obtained from the G F Truss plant 
wood waste pile and chipped in the EERC chipper; green poplar wood waste was obtained from 
Dukek Logging, from a site near Regal, Minnesota. 
 
 Both wood species were simultaneously chipped and truck-filled. After receipt of the 
biomass, it was filled in plastic Super Sacks weighing in the range of 250–300 lb/bag. Moisture 
analysis was conducted on each wood species sampled during the experiments.  
 
 Biomass moisture content was first measured in 1-lb samples and found to have varied 
from 27% to 38%. The moisture content is far too wet for use in most commercial gasifier 
designs that can only handle partially dried wood (15% or less). However, the gasifier is  
specially designed to handle wood with this level of moisture and maintain the required 
temperature profile such that clean syngas can be produced and a higher fraction of moisture can 
be converted to syngas. The ink pen shown in Figure 1.4-6 shows the comparative size variation 
in the biomass fuels that are typically available. The feeding of the fuel was successful.  
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Figure 1.4-6. Biomass used in the experiments: a) chipped pine wood and b) chipped green 
poplar wood waste. 

 
 

System Operation  
 

Gasifier Operation 
 

Step 1: Preparation Start-Up Process 
 
 During this step, the cold gasifier and feed system are filled with a predetermined weight 
of charcoal and fuel in the hopper. The charcoal is typically consumed during the reactor heatup 
stage followed by cold ignition. Prior to ignition, the water scrubber is started, and the gasifier 
air inlet valve is opened. As a standard procedure, the secondary liquid (solvent or tap water) 
polishing system is made operational; however, the gas is bypassed during the transition until the 
oxygen concentration is below 2% if solvent is flammable. The bypass valve is opened, and the 
polisher valve is kept closed. At this point, the system is ready for ID fan start-up. The 
computerized control system is fully functional at this point in time. The product gases are 
vented through the flare. 
 

Step 2: Ignition 
 
 The flare igniter is switched on prior to gasifier ignition. At this point in time, the hot air 
igniter is switched on, and within a minute, the fuel bed is ignited, raising the temperature. The 
ignition system is switched off at this point. The reaction zone spreads throughout the bed. 
Within 5–10 min, the gas is ignitable and flaming initiates in the flare. Because of thermal 
inertia, it is possible to achieve ignition without going through the standard procedure if 
reignition occurs within 16 hr of gasifier shutdown. This soft ignition in larger systems is 
possible within a few days.  
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Step 3: Steady-State Operation 
 
 Steady-state operation is achieved once the operational bed temperature is reached, and the 
fuel injection takes place at a regular interval. The current system is designed to respond quickly 
such that the effect of parametric variation on the syngas composition is determined within a 
short interval. Because of thermal inertia, steady state can be easily achieved within  
10 min, even if system shutdown occurred several hours earlier. Syngas can be fed to the gas 
engine any time during steady-state gasifier operation. The desired syngas composition (H2/CO 
ratio) can be adjusted during this phase.  
 

Step 4: Shutdown 
 
 Complete system shutdown can be achieved within an hour of closing the air injection 
valve. Residual gases, however, must be pumped from the bed for an extended period. This can 
be achieved by the operating ejector after the blower is shut down. 
 

Engine Generator Operation 
 
 The standard engine start-up and shutdown procedures are published in the engine 
operating manual. In the current system, the syngas is made available to the engine only after 
engine cranking is initiated. The secondary blower (see Figure 1.4-1) downstream of the main 
blower is switched on while keeping the bypass valve open. The flare valve is kept open at this 
time until the engine demand has increased. The generator is set to the minimum load condition 
at start-up. The auxiliary power required by the engine generator cooling system is equivalent to 
about 10 kWe. This power is developed by the engine first while attaining the full engine speed 
of 1800 rpm. The engine generator is subjected to electrical load once full engine speed is 
attained. The engine instrumentation determines various temperature and pressure parameters. 
The engine exhaust gases are vented through a separate vent system. The exhaust gas emission-
monitoring system determines the criteria pollutant species concentration during the transition as 
well at a steady-state operation.  
 
 
RESULTS AND DISCUSSION  
 
 Table 1.4-3 shows the dates of the experiments conducted under the syngas engine test 
program and the test purpose. Syngas operation conducted during the months of April and 
October 2011 were primarily aimed at engine operation on syngas. The tests were an extension 
of a previous test regime (Tests 1–8) that completed testing and verification of test system 
integration, baseline engine performance on syngas, and preliminary engine operation on syngas. 
Engine baseline tests on natural gas were conducted at full load, at varying loads ranging 
between 0 and 100 kWe, and at partial load (26.5 kWe) at which the engine generator was 
expected to produce while operating on syngas owing to applied derating.  
 
 The carburetor jet and valve that were used for the baseline testing were stock hardware; 
all other hardware was the same as would be used for running on syngas. The integrated system  
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Table 1.4-3. Tests Completed under Syngas Engine Test Program 
Test No. Test Date Test Purpose 
1 August 26, 2010 Natural gas baseline test – 0–100 kW electricity generation 
2 September 7, 2010 Natural gas baseline test – 0–100 kW electricity generation 
3 September 14, 2010 Pine wood gasification – syngas supply system test 
4 September 22, 2010 Natural gas baseline test – full-load test – low-load operation 

verification 
5 October 13, 2010 Pine wood gasification – syngas composition variation and full-load 

supply test 
6 February 8, 2011 Engine troubleshoot – partial load baseline operation under cold weather 

conditions 
7 February 9, 2011 Engine testing on syngas – engine troubleshooting 
8 February 11, 2011 Engine testing on syngas – H2/CO composition variation effect on 

engine operation 
9 April, 12, 2011 Engine testing on syngas 
10 April, 13, 2011 Engine testing on syngas 
11 April 15, 2011 Engine testing on syngas 
12 April 26, 2011 Engine testing on syngas 
13 April 27, 2011 Engine testing on syngas 
14 April 28, 2011 Engine testing on syngas 
15 April 29, 2011 Engine testing on syngas 
16 October 19, 2011 Engine testing on syngas 
17 October 28, 2011 Engine testing on syngas 
 
 
components, including the engine generator, engine performance-monitoring systems, load bank, 
emission-monitoring system, and syngas supply system performed as expected. The baseline 
tests conducted during February posed a challenge because of winter weather conditions and the 
resulting ambient temperature, ranging between −15° and −35°F. Additional electric heaters 
along with oil pan and engine block heaters were used during start-up. The engine was set to 
operate at conditions such that it would produce NOx emissions of less than the permitted limit of 
2 g/hp-hr (418 ppm). It was determined that the engine performed as expected during natural gas 
operation, and the measured NOx emissions ranged between 100 and 130 ppm (about ¼ of the set 
limit) at 100 kW.  
 
 Prior to syngas operation, the fuel supply systems on the engine, including the carburetor 
and fuel control valve, were replaced to accommodate higher fuel flow rate. A new set of 
precalibrated original spark plugs was utilized for syngas operation. The natural gas supply 
system was completely shut off and plugged since the engine is expected to operate straight on 
syngas without the support of auxiliary fuel and the modified hardware would not work on 
natural gas.  
 

Engine Operation on Syngas – Single-Blower Supply System 
 
 Following engine hardware modifications, the next ten tests (Test 8–17) were conducted 
on syngas produced on the AFBG. Tests 8 and 9 were conducted in cold weather conditions with 
subzero temperature as was earlier experienced during baseline tests. Table 1.4-4 shows the 
average syngas composition, HHV, and standard deviation obtained during engine operation.  
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Table 1.4-4. Average Syngas Composition, HHV, and Standard Deviation Obtained 
During Performance Test 8 

  
CO, 
% 

CO2, 
% 

CH4, 
% 

O2, 
% 

H2, 
% 

N2, 
% 

CxHy, 
% 

HHV, 
MJ/m3 

Average Syngas 
Composition 

17.1 11.9 1.6 2.3 14.1 52.4 0.6 4.95 

Standard Deviation 2.2 1.5 0.4 0.1 3.6 4.3 0.0 0.57 
 
 
The average flow rate of the syngas was 50.8 scfm (86.3 m3/hr), and the biomass consumption 
rate observed was 80 lb/hr. The syngas production rate was reduced to about 35 scfm (60 m3/hr) 
when the engine test was not running. The syngas was flared under such conditions.  
 
 During normal engine operation, the syngas flow rate would be increased by increasing the 
main blower speed and partially closing the flare valve. It was ensured that a small fraction of 
syngas was flared at all the times during engine operation. This helps avoid pressure buildup 
when the engine was not running. Additional precautions were taken when the flare valve was 
required to be shut off to allow full flow going to the engine. Automated valve operation with a 
feedback signal from the engine was considered as a future modification to the test system. 
 
 The initial tests on the syngas with the composition shown in Table 1.4-4 required several 
attempts to get the fuel regulator set correctly. The first attempts did not have enough gas flow to 
the engine, and the regulator spring had to be changed in the Dungs gas regulator to provide a 
higher pressure. Once adequate gas pressure was made available, the engine was started on the 
on the syngas. It was observed that, initially, the engine would run on syngas, but only run at 
very slow speeds, never able to reach the operating speed of 1800 rpm. The speed attained 
ranged between 600 and 900 rpm. This can be seen in the speed trace in Figure 1.4-7 recorded by 
Cummins. A differential pressure gauge was installed to measure the delta between the gas inlet 
pressure and air inlet pressure. This measurement showed that after the engine was running, the 
gas pressure dropped significantly, to less than 5 in. of H2O, gas over air pressure differential. 
Based on the initial calculations by Cummins, the gas differential pressure was set to be greater 
than 15 in. of H2O to maintain the targeted load. Being that the engine was drawing enough fuel 
to drop the fuel pressure to below 5 in. of H2O before any load had been applied, it was 
determined that there was not enough capacity to supply fuel to the engine when only the 
original blower was being used, which provided 2 psig upstream of the pressure regulator. The 
pressure regulator was set to its maximum in order to achieve higher pressure, and the blower 
was operated at about 80% of its rated speed. The pressure buildup between the blower and the 
pressure regulator would be 4 psig. Although this increased syngas flow to the engine, the high 
pressure drop across the pressure regulator was found to provide inadequate flow to the engine. 
At this backpressure, the blower overdrew the current and the circuit tripped. The blower could 
be made operational within a couple of minutes; however, the tests were halted at this point, and 
it was decided to modify the fuel supply system in order to ensure that adequate fuel is provided 
to the engine. The average syngas flow rate generated in the gasifier was 50.8 scfm, which was 
thought to be adequate for the production of 18–20 kWe; however, it was thought that the 
required syngas pressure is in excess of 2 psig and, therefore, augmenting the upstream pressure 
will help alleviate the observed low-speed engine operation. 
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Figure 1.4-7. Engine speed trace from Test Run 10 at 1800 rpm, no load, as recorded by 
Cummins. 

 
 

Engine Operation on Syngas – Booster Blower Supply System 
 
 The booster blower was installed as described previously and depicted in Figure 1.4-1. 
This booster blower could augment and easily maintain syngas pressure in excess of 5 psig. This 
addition helped relieve the main blower of a significant portion of its workload and thus 
increased the flexibility of operating the gasifier at higher flow throughput. Additional pressure 
gauges were added to key locations in the fuel train in order to monitor fuel pressures and 
provide confidence that the engine had adequate fuel flow. As shown in Table 1.4-3, Tests 9–17 
were conducted on syngas with the addition of the booster blower.  
 
 As expected, an immediate improvement was noticed in fuel supply pressure to the engine, 
indicating that the new blower system was a significant improvement. Again, after several tries 
with the new fuel supply system, the engine started but still did not reach the desired 1800 rpm. 
After some troubleshooting, it was determined by the Cummins engineering team that the engine 
control module (ECM) calibration had the wrong value for flywheel teeth, which was causing the 
engine to misinterpret the actual engine speed. Once the calibration with the correct flywheel 
tooth count was modified with the changed syngas tables and loaded onto the ECM, the issue 
was resolved. 
 
 With the newly fixed calibration, the engine started and ramped to 1800 rpm and ran at that 
speed for several minutes. The speed trace from this run is shown in Figure 1.4-7. At this point, 
the gas pressure supplied to the engine was significantly higher than originally planned, between  
1 and 2 psi of gas pressure at the inlet to the fuel control valve (FCV). Since there was no 
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noticeable drawback to running with the high fuel pressure at that point, it was left at between  
1 and 2 psi.  
 
 At this point, the gasifier performance was found adequate in terms of production of clean 
syngas and the syngas composition. It was decided that the syngas composition, particularly 
H2/CO ratio, be kept around 1. Table 1.4-5 shows the average syngas composition, HHV, and 
standard deviation obtained during Test 10 engine operation. The average flow rate of the syngas 
was 65.5 scfm (111.3 m3/hr) and the biomass (pine wood from G F Truss plant) consumption 
rate observed was about 100 lb/hr.  
 
 The exhaust emissions under no load operation are shown in Table 1.4-6. 
 
 As can be seen in the graphs above, there were occasional spikes in speed instability that 
appear to get more frequent and more severe as the run time gets longer. Further analysis shows 
that FCV position shows similar spikes at the exact same time as the speed instability, which is 
not surprising. As a stand-alone issue, this was not seen as a major problem at the time, as speed 
stability was not a concern at that early point in the testing. Cummins engineers concluded that it 
is possible that the FCV position was being affected by the problems that were seen with throttle 
margin, but since the GTA8.3SLB did not have the capability of logging throttle position, it is 
not possible to make that correlation conclusively.  
 
 The run in which the data were collected was the most successful run on producer gas that 
was achieved during this project. The run ended when the engine ran out of throttle margin and 
the throttle rapidly opened to 100% open, causing the engine to lose speed and shut down. This 
problem reoccurred during every run after the extended run, which provided the above data. The 
amount of time between starting and throttle opening to 100% varied from run to run, ranging 
from several seconds after reaching rated speed to as long as 15 min after, and it was not 
predictable at the time of testing. Given that the engine was running at a no-load condition, the 
throttle margin issues were surprising. As a further test, the throttle was set to a fixed position  
 
 
Table 1.4-5. Average Syngas Composition, HHV, and Standard Deviation Obtained During 
Test 10 

  CO, % CO2, % CH4, % O2, % H2, % N2, % 
CxHy, 

% 
HHV, 
MJ/m3 

Average Syngas  
 Composition 

14.85 12.43 1.93 2.64 15.27 52.27 0.6 4.98 

Standard Deviation 3.12 1.41 0.52 0.25 1.61 3.11 0.0 0.59 
 
 

Table 1.4-6. Average Stack Emission and Standard Deviation Obtained During  
Engine Operation on Syngas During Test 10 

 
HC ppm CO, % CO2, % O2, % NOx, ppm 

Average Exhaust Gas Composition 97.7 3.0 6.6 12.5 0.0 
Standard Deviation 43.4 0.2 0.6 0.5 0.0 
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and held at that position for a short run where load was applied to the engine. This prevented the 
throttle from opening to 100% but also prevented any speed control, thus the speed was allowed 
to drift. During this testing, 16 kWe was applied to the engine and continuous operation for about 
18 min was achieved before there was a significant loss in engine speed. It would also be the 
most successful series of testing on syngas that was achieved during this project. Table 1.4-7 
shows the power generated, syngas composition, total syngas flow rate produced by the gasifier, 
and exhaust emission as determined during Test 15. 
 
 One of the major issues identified during Test 15 was related to the throttle margin that 
prevented the engine operating for long duration. Tests 17 and 18 were planned to explore this 
issue and troubleshoot the engine in order to prevent the engine from running out of throttle 
margin while running at a constant speed. There were three strategies that were to be attempted 
to fix the problem. All three strategies, namely reducing air/fuel ratio, increasing the syngas 
supply pressure, and adjusting the FCV setting to 100% open to allow manual syngas flow 
control by adjusting the carburetor, failed to attain full-speed operation. These strategies 
achieved engine speeds ranging between 1200 and 1500 rpm. In addition, it was found that a 
high fraction of unburnt fuel remained in the engine exhaust (CO: 20,000 ppm, H2: 5000– 
11000 ppm), while NOx was about 20 ppm. 
 
 The last attempt at improving combustion performance was to complete a timing swing to 
determine if either advancing or retarding the timing had an impact on engine performance. The 
results of this test (Test 17) are shown in Figure 1.4-8. As can be seen, the engine speed did not 
improve noticeably.  
 
 
CONCLUSIONS 
 
 The integrated gasifier–syngas engine successfully operated and demonstrated power 
generation at several loads, reaching a maximum net power output of 16 kWe utilizing a woody 
biomass waste stream. This was achieved after facing several hurdles in getting the engine 
operational at full speed. The produced output was one-third of what is expected based on the 
preliminary engine selection assessment conducted by Cummins. The demonstration of long-
duration, stable engine operation is pending. The Cummins engineering team is planning to 
replace the current test engine based on the outcome of the efforts conducted during the project 
and continues with its engine development program for providing reliable CHP systems to 
commercial clients.  
 
 The following are the primary conclusions and proposed future efforts: 
 

• The gasifier syngas production rate and composition were found adequate for the 
operation of the engine generator. 

 
• The incomplete combustion of syngas observed in the engine is owing to the fuel-rich 

operating conditions and could be corrected by improving the fuel supply and control 
hardware along with improving the ignition system. 
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Table 1.4-7. Power Generated, Syngas Composition, and Total Syngas Flow Rate Produced by Gasifier and Exhaust Emission 
as Determined During Test 15 
Power 
Generated 
(at 1800 rpm), 
kWe 

Syngas Composition, vol% Syngas 
Flow 
Rate, 
scfm 

Engine Exhaust Emission 

CO CO2 CH4 O2 H2 
O2, 
% 

CO2, 
% 

NO, 
ppmv 

NO2, 
ppmv 

CO, 
ppmv 

SO2, 
ppmv 

0.0 19.27 11.23 2.02 2.9 15.5 63.8 9.1 7.8 5 5 1285 36 
6.0 18.23 11.5 1.74 2.7 13.2 71.26 11.1 6.5 27 1 2890 30 
10.0 20.0 11.26 2.51 2.7 154.3 63.0 8.2 8.64 17 5 2041 45 
12.0 20.38 10.04 2.19 3.1 13.8 63.0 7.4 – 16 9 1602 77 
16.0 20.2 11.2 2.25  17.6 63.0 5.6 6.8 113 7 1644 55 
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Figure 1.4-8. Engine speed as ignition timing is changed while running on syngas during Test 17. 
 

 
 

• Considering the established successful engine operation elsewhere at a low 
compression ratio, the Cummins engineering team is proposing to replace the engine 
after evaluation of the current syngas production rate by the EERC AFBG.  

 
• Further testing of the engine capable of achieving a higher compression ratio could be 

beneficial to achieving desired performance.  
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SUBTASK 2.2 – CONVERSION OF CELLULOSIC BIOMASS TO DIESEL 
 
 
INTRODUCTION 
 
 Cellulose is the structural component of plant matter and is the most abundant naturally 
occurring organic compound on earth. Researchers are investigating and developing chemical 
processes that convert plant-based cellulose into useful chemicals and fuels that have historically 
been produced from petroleum or other fossil fuels. The Advanced Renewable Fuel Standard 
(RFS2) requires aggressively increasing amounts of cellulosic biofuels to be included in the fuel 
pool each year. This will very likely create a strong market demand for this type of fuel.  
 
 The U.S. Department of Energy (DOE) has identified a small number of potential 
intermediates obtainable from biomass resources. Levulinic acid is one such intermediate and has 
been studied by the EERC and other laboratories. Levulinic acid is typically produced by 
decomposing cellulosic feeds via sulfuric acid-catalyzed decomposition. Biofine has developed a 
continuous process using this technology and has been operating it for several years. While 
levulinic acid is produced efficiently, product purification is still an issue for processes that utilize 
an aqueous acid medium to produce levulinic acid. 
 
 The EERC has shown that conducting sulfuric acid-catalyzed decomposition in an alcohol 
medium directly converts cellulosic biomass to levulinate (C5) and formate (C1) ethyl esters. 
These chemicals are useful for fuels and chemical intermediates. A major advantage of forming 
levulinate esters, as opposed to levulinic acid, is that the ester form is much easier (i.e., less 
expensive) to separate out of the product mix. The levulinate and formate esters easily extract out 
and distill without decomposition.  
 
 EERC work to date has focused on cellulosic decomposition in batch reactors. The challenge 
in this work was to design and construct a continuous reactor system, capable of achieving results 
similar to the previously studied batch reactor system. Because the feedstock was solid biomass, a 
fixed-bed catalytic reactor was not considered because of plugging issues. Instead, a semibatch 
reactor was selected.  
 
 Ethanolysis reactor products (ethyl levulinate and furfural) were purchased and used to 
demonstrate continuous condensation reactions. A fixed bed catalytic reactor was used to condense 
levulinate esters with furfural. Oxygen-containing, diesel-range compounds were formed as 
product. The EERC prepared and utilized granular, fixed-bed catalysts for this reaction.  
 
 The oxygen-containing, diesel-range compounds were then hydrodeoxygenated to yield 
diesel-range hydrocarbons. Existing, continuous reactor systems were used. This step 
demonstrated that oxygen-rich condensation products can be converted to jet and diesel-range 
hydrocarbons via catalytic hydrodeoxygenation. During sample production, however, operability 
issues due to reactor plugging were encountered and identified as an area for future research. 
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GOALS AND OBJECTIVE 
 
 The scope of this activity included the design and construction of a continuous cellulosic 
decomposition reactor system, process optimization activities, and fuel property testing. 
 
 The project goals were to:  
 

• Demonstrate a three-step process of converting cellulosic feedstocks into hydrocarbons 
via the ethyl levulinate pathway and without any use of enzymes. 

 
• Utilize cellulosic biomass as the feedstock for producing ethyl levulinate-containing 

product.  
 

• Hydrotreat condensation product to form hydrocarbon product from which a jet fuel 
sample could be distilled. 

 
• Identify research pathways required to demonstrate a long-term, continuous operation 

process that could be optimized for future commercial demonstration.  
 
 
EXPERIMENTAL 
 
 The three primary unit operations that comprise the cellulose-to-jet fuel pathway are shown 
in Figure 2.2-1. 
 
 

 
 

Figure 2.2-1. Three primary unit operations for cellulosic jet fuel production process. 
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Cellulosic Decomposition 
 

Bench-Scale Test System 
 
 A continuously stirred tank reactor (CSTR) system was designed and constructed. The 
reactor system required a specially designed pump to pump the biomass slurry into a high-pressure 
(up to 600 psig) reactor. A progressive cavity pump with a stirred hopper and modified discharge 
section was procured. Mixtures of sawdust in water or ethanol demonstrated a high propensity 
toward plugging, and all of the inlet and outlet tubing and fittings were debottlenecked to ensure 
wetted surfaces were as smooth as possible. Liquid sulfuric acid catalyst was pumped into the 
reactor in a separate feed line using a dual-head positive displacement pump.  
 
 The stirred reactor was a pressure-rated vessel with a volume of 2 gal. Electric heaters 
surrounded the stirred reactor and were controlled remotely via National Instruments’ Lookout 
software. During operation, pressure was controlled by a back-pressure regulator. If reactor 
pressure exceeded the back-pressure regulator set point, pressure was relieved by venting the 
reactor’s gaseous head space. Liquids, unreacted biomass, and char exited the reactor through a 
dip tube that entered the top of the 2-gal vessel and extended down to approximately ½ in. from 
the bottom of the vessel. A lock hopper system was used to drain liquid product from the reactor 
vessel without significant pressure drop. The lock hopper drain system contained two air-actuated 
ball valves with a section of tubing between them. A level indicator probe used guided wave radar 
to detect the level in the reactor. The probe was inserted into the top of the reactor vessel and 
relayed a signal to the computer. When the reactor’s liquid level reached a user-defined level, the 
computer sent a signal for the lock hopper drain system to engage. The lock hopper drain system 
followed a two-step sequencing routine: 1) the reactor side air-actuated ball valve opened 100% 
to fill the tubing and then closed completely and 2) the outlet side air-actuated ball valve opened 
100% to drain high-pressure liquids from the tubing into the ambient pressure collection vessel. A 
photo of the cellulosic decomposition reactor is shown in Figure 2.2-2. A screen shot of the 
computer used to control the system is shown in Figure 2.2-3. 
 
 Batch experiments were conducted with water (hydrolysis) and ethanol (ethanolysis).  
Table 2.2-1 shows the experimental test plan. 
 
 Experiments 1 and 2 were hot charge batch tests. First the 2-gal reactor vessel was charged 
with 1 gal of the biomass/solvent slurry. Temperature and pressure were then increased to test 
conditions. Once the reactor reached the desired temperature and pressure, 1M sulfuric acid was 
pumped into the reactor to start the reaction. The reactor’s stirrer was used in all experiments. After 
reacting for 20 min, the liquid product was drained, quenched to room temperature, and analyzed 
via gas chromatography (GC). Offgas during depressurization was collected in a gas sample bag 
and analyzed via a refinery GC. Levulinic acid and ethyl levulinate were detected in the liquid 
product during the hydrolysis and ethanolysis experiments, respectively. The gas analysis for these 
experiments is shown in Table 2.2-2. 
 
 



2.2-4 

 
 

Figure 2.2-2. Cellulosic decomposition reactor system. 
 
 
 

 
 

Figure 2.2-3. Screen shot of the computer used to control the cellulosic decomposition reactor. 
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Table 2.2-1. Test Plan for Cellulosic Decomposition Reactor 

Experiment Solvent Catalyst 
Catalyst 
Loading 

Sawdust 
Concentrati
on, mass% 

Residence 
Time, 
min 

Temperature, 
°C 

Pressure, 
psi 

1 Water 1M 
H2SO4 

2 g/100 mL 
solvent 

2 20 190 250 

2 Ethanol 1M 
H2SO4 

2 g/100 mL 
solvent 

2 20 190 500 

3 Ethanol 1M 
H2SO4 

2 g/100 mL 
solvent 

2 0, 5, 10, 
15, 20, 
and 30 

190 500 

 
 
Table 2.2-2. Gas Analysis for Hydrolysis and Ethanolysis Batch Experiments 

 Hydrolysis  
(water and sawdust) 

Ethanolysis  
(ethanol and sawdust) 

 Normalized to exclude air and nitrogen used for initial pressurization. 
Helium 0.00% 0.00% 
Hydrogen 63.75% 88.83% 
Carbon Dioxide 26.63% 6.67% 
Propane 0.63% 0.00% 
Propylene 0.18% 0.00% 
Acetylene 0.00% 0.00% 
iso-Butane 0.06% 0.00% 
Carbonyl Sulfide 0.00% 0.00% 
n-Butane 1.71% 0.00% 
Hydrogen Sulfide 0.00% 0.00% 
1-Butene 0.69% 0.00% 
iso-Butylene 0.15% 0.00% 
t-2-Butene 0.33% 0.00% 
iso-Pentane 0.18% 0.00% 
c-2-Butene 0.58% 0.00% 
n-Pentane 2.17% 0.06% 
1,3-Butadiene 0.00% 0.26% 
Ethylene 0.00% 0.67% 
Ethane 0.10% 0.37% 
Oxygen/Argon    
Nitrogen    
Methane 0.23% 1.77% 
Carbon Monoxide 2.61% 1.37% 
    
 100.00% 100.00% 
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 Batch experiments with water and ethanol as solvent demonstrated both system operability 
and the ability to produce levulinate products from sawdust. When using ethanol as solvent, diethyl 
ether was detected in the gas phase by a Shimatzu GC instrument. Ether formation is detrimental 
to process economics because it consumes valuable ethanol and forms diethyl ether as a 
nonintended by-product. In order to better understand the relationship between ether formation 
and ethyl levulinate formation, a third experiment was conducted to study reaction product 
formation over time. For this experiment, ethanol and sawdust were charged to the 2-gal reactor 
and then brought to the temperature and pressure shown in Table 2.2-1. Sulfuric acid catalyst was 
then added to start the reaction. Liquid and gaseous samples were collected at 5-min intervals and 
subsequently analyzed for ether and ethyl levulinate concentration.  
 
 Ethanol dehydration (ether formation) happened quickly compared to sawdust ethanolysis 
(ethyl levulinate formation). The ether-to-ethanol ratio in the reactor’s gaseous head space is 
shown in Figure 2.2-4. The ethyl levulinate yield, defined as mass of ethyl levulinate produced per 
mass of sawdust fed, is shown in Figure 2.2-5. As the figure shows, the rate of ethyl levulinate 
formation appeared to increase after 15 min. This could likely be attributed to sawdust particles 
being broken down over time which would result in an increase in sawdust particle surface area. 
Increased surface area would likely increase reaction kinetics by making the sawdust more 
available to sulfuric acid catalyst and ethanol reactant. The ether concentration in the liquid phase 
increased from 0 to 4% over 30 min of reaction time. This is shown in Figure 2.2-6. 
 
 

 
 

Figure 2.2-4. Ether-to-ethanol ratio in ethanolysis gas phase as a function of reaction time. 
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Figure 2.2-5. Ethyl levulinate yield as a function of reaction time. 
 
 
 

 
 

Figure 2.2-6. Ether concentration in liquid product. 
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 Several process variables were varied in an attempt to find the optimum conditions for 
maximum ethyl levulinate production and minimum ether formation. According to LaChatelier’s 
principle, water addition should shift the equilibrium of ethanol dehydration toward the reactant 
side. Therefore, water was added to batch experiments to study the effect of water addition on 
ether formation. Temperature, reaction time, and acid catalyst type were also studied. Preliminary 
results did not provide any clear trends, and further research in this area is warranted. 
 

Condensation Reactions 
 
 The second step in the ethanolysis process is condensation. This step functions to increase 
the molecular weight of cellulosic decomposition products. Condensation reaction experiments 
were performed to produce larger amounts of condensation products, namely ethyl levulinate with 
several aldehydes for use as feed for the subsequent hydrotreating experiments. A photograph of 
condensation product produced at the EERC is provided in Figure 2.2-7. Hydrotreating 
experiments of these condensation products were conducted at the EERC, and additional studies 
were conducted at Haldor Topsoe. Appropriate conditions for the condensation reactions of 
furfural and ethyl levulinate had been determined in a previous project, but optimization of the 
catalyst and conditions required further investigation. Powdered hydrotalcite catalysts were used 
previously, but granular catalysts suitable for use in continuous reactors were not available. 
Methods for their preparation were investigated, and some of the products were tested in the batch 
reactor. Reactions in a continuous reactor system were also investigated with some of the new 
granular catalysts. 
 
 Batch condensation reactions of ethyl levulinate with several aldehydes were conducted in 
methyltetrahydrofuran (MTHF) solvent in a 300-mL Parr reactor at several temperatures using a 
variety of catalysts (Table 2.2-3), temperatures, and reaction times. Half-molar amounts of ethyl 
levulinate and the aldehyde in 50 mL of added solvent were reacted with 5–10 g of catalyst, as 
indicated in the table. The conversions of aldehyde and ethyl levulinate were determined after 
cooldown by gas chromatography of a diluted sample containing internal standard.  
 
 

Table 2.2-3. Catalysts Used in Condensation Reactions 
Catalyst Description 
Ald-HT450 Aldrich hydrotalcite calcined at 450°C 
Sasol-HT450 Sasol hydrotalcite calcined at 450°C 
Reused Sas Reused Sasol HT washed with solvent 
Amberlite Amerlite 15 ion exchange resin 
RecovSasol-HT Recovered Sasol HT calcined at 450°C 
HT-P HT prepared with porogen, calcined 450°C 
Na ethoxide Sodium ethoxide solution in ethanol 
PTSA P-toluenesulfonic acid 
RecovAld-HT450 Recovered Aldrich HT, calcined at 450°C 
NaOH Sodium hydroxide aqueous solution 
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 The products of the reactions include unsaturated ketoesters, lactones, and carboxylic acids 
with 1:1 and 1:2 (ethyl levulinate:aldehyde) stoichiometry. Table 2.2-4 gives the conversion data 
for the variety of conditions and catalysts employed. Also a qualitative indication of the viscosity 
is provided and whether the product was usable for subsequent hydrotreating reactions based on 
the content of furfural left in the products, the ethyl levulinate conversion, the relative amount of 
reaction products indicated in the gas chromatogram, and the viscosity. 
 
 Reactions with about 70% ethyl levulinate conversion typically had a moderate viscosity, 
almost no remaining furfural, and good product distribution so were used or saved for 
hydrotreating. 
 

Furfural Reactions, Hydrotalcite Catalysts 
 
 The Run 1 product was highly viscous (polymerized), owing to the high temperature and 
large amount of catalyst and was unusable for hydrotreating. Runs 2, 3, 12, and 17 at lower 
temperature and catalyst load all gave a good viscosity, adequate conversion of the ethyl levulinate, 
and most of the furfural had reacted, so these were used for hydrotreating or sent to Haldor Topsoe. 
Reuse of the catalyst without calcining (Run 4) gave a poor conversion of ethyl levulinate and low 
viscosity, so was not usable. But catalyst recovered with calcining (Runs 7 and 16) gave a good 
conversion of ethyl levulinate and high conversion of furfural (usable product). A lower amount 
of catalyst (Run 5) or a lower reaction temperature (Run 15) resulted in lower conversions and 
unusable products. The catalyst prepared with a porogen binder introduced during the catalyst 
synthesis (Runs 9 and 18 with ground form of the catalyst) performed as well as the commercial 
hydrotalcites.  
 
 Reactions of ethyl levulinate with branched aldehydes were also conducted to provide 
aliphatic intermediates without the sensitive furfural group. Reactions of 2-ethylbutanal (Run 19) 
and 2-methylpentanal (Run 20) with ethyl levulinate were performed with a hydrotalcite catalyst 
at a higher temperature, since they were less reactive than the furfural and yet did not polymerize 
in the condensation reactions with hydrotalcite catalyst. These aldehydes were mostly converted 
in the reactions, and the products exhibited a moderate viscosity and very light color (in contrast 
to the dark products from furfural). The products were not analyzed by mass spectrometry owing 
to instrument breakdown, but are assumed to comprise both mono and dicondensation products of 
the aldehyde with ethyl levulinate, consistent with reactions of furfural. The products were saved 
for hydrotreating or blending with furfural products since they would provide C11 and C12 
products that are not available from the furfural reactions and would likely dilute the more reactive 
furfural products in the hydrotreating. 
 

Acid Catalysts 
 
 A sulfonic acid cation exchanger (Runs 6 and 8) gave poor conversions of the ethyl 
levulinate and furfural. Run 14 with the soluble sulfonic acid catalyst polymerized at low 
temperature. This result is not unusual for a sensitive reactant like furfural and is consistent with 
earlier small-scale reactions with sulfuric acid which gave char product. 
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Table 2.2-4. Batch Condensation Reactions – 300-mL Parr Reactor 

Run Catalyst 
Cat Amt., 

g Reactants Temp., °C Time, hr 
Furfural 
Conv., % 

Ethyl 
Levulinate 
Conv., % Vicosity Usable Product? 

1 Ald-HT450 10 EL + F +MTHF 200 3 99.5 71 High No 
2 Sasol-HT450 7 EL + F +MTHF 190 3 95 48 Mod. Hydrotreated 

3 Sasol-HT450 7 EL + F +MTHF 190 3 99.3 61 Mod. Hydrotreated 
4 Reused Sas 7 EL + F +MTHF 190 3 10 10 Low No, reused in 10 
5 Ald-HT450 5 EL + F +MTHF 190 3 45 34 Low No, reused in 13 
6 Amberlite 7 EL + F +MTHF 120 3 5 5 Low No 
7 RecovSasol-HT 8.5 EL + F +MTHF 190 5 95 71 Mod. Hydrotreated 
8 Amberlite 7 EL + F +MTHF 140 8 30 25 Low No 
9 HT-P 7 EL + F +MTHF 190 3 90 70 Mod. Saved for hydrotreating 
10 Na ethoxide 5 EL + F +MTHF 60 3 9 5 Low No 
11 Na ethoxide 5 EL + F +MTHF 80 3 17 15 Low No 
12 Run5+AldHt450 7+6 EL + F +MTHF 190 5 99 71 High Hydrotreated 
13 Na ethoxide 5 EL + F +MTHF 100 3 75 34 Low No 
14 PTSA 3 EL + F +MTHF 75 3 99 20 Gel No 
15 Ald-HT450 7 EL + F +MTHF 165 3 11 15 Low No 
16 RecovAld-

HT450 
7.5 RecovEL + F +MTHF 180 4 95 70 Mod. Saved for hydrotreating 

17 Sasol-HT450 7 EL + F +MTHF 180 3 91 68 Mod. Saved for hydrotreating 
18 HT-P 7 EL + F +MTHF 180 3 90 68 Mod. Saved for hydrotreating 
19 Ald-HT450 7 EL +EB +MTHF 200 4 95 70 Mod. Saved for hydrotreating 
20 Ald-HT450 7 EL + MP + MTHF 200 4 95 70 Mod. Saved for hydrotreating 
21 NaOH 7 EL + F + EtOH 120 3 4 7 40 Low No 
EL = Ethyl levulinate. 
F = Furfural. 
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Soluble Base Catalysts 
 
 Reactions with sodium ethoxide (Runs 10, 11, and 13) conducted at various temperatures 
gave low conversions of ethyl levulinate and unusable product. Sodium hydroxide likewise gave 
a low conversion (Run 21).  
 

Continuous-Flow Condensation Reactions 
 
 Several condensation reactions of ethyl levulinate with furfural were conducted with 
granular catalyst beds in a plug-flow tube reactor. These are listed in Table 2.2-5 for three granular 
hydrotalcite catalysts, prepared using a clay–molasses binder.  
 
 Modest conversions were obtained initially, but after several hours of operation, the 
conversions decreased. Increasing the temperature resulted in plugging the reactors. The high 
content of furfural in the product made the product unusable for hydrotreating, unless it was 
removed from the product by distillation. Clearly, the catalyst was unstable and became sticky 
under the conditions of the reaction. Catalysts prepared using an additive during formation of the 
hydrotalcite gave very hard porous granules. These were demonstrated to be active catalysts in 
powdered form in batch reactions, but were not tested in the continuous reactor. 
 

Hydrotreating 
 
 Condensation products were hydrotreated in fixed-bed catalytic reactor systems. 
Commercial hydrotreating catalysts were procured and loaded into vertically oriented pressure 
rated vessels. Condensation product was stored in a feed storage vessel and pumped by a dual-
piston syringe pump into the bottom of the reactor. High-pressure bottled hydrogen was metered 
by a mass flow controller and entered the bottom of the hydrotreating reactor via a separate line. 
Hydrogen was fed in stoichiometric excess and was a required reactant for carbon–carbon bond 
saturation and for removing chemically bound oxygen via reduction to water. Figure 2.2-7 shows 
condensate product after distilling of solvent. 
 
 Several hydrotreating experiments were run. Feed polymerization and increased pressure 
drop across the reactor increased with time on stream, and initial experiments resulted in complete 
plugging and premature system shutdown. Subsequent hydrotreating experiments were conducted 
to investigate the root cause of plugging and to investigate process techniques to alleviate 
polymerization and plugging. A picture of the reactor system used for hydrotreating is shown in 
Figure 2.2-8. The system included four identical reactor trains installed in parallel. This 
configuration allowed multiple experiments to occur simultaneously. 
 
 

Table 2.2-5. Ethyl Levulinate Conversions in  
Continuous Fixed-Bed Reactor 
Catalysts Solvent Temperature, °C Conversion, % 
HT-3 MTHF 160 47 
HT-3.5 MTHF 160 30 
HT-3 MTHF 180 Plugged 
HT-n n=Mg/Al ratio. 
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Figure 2.2-7. Condensate product after distilling off solvent. 
 
 
 

 
 

Figure 2.2-8. Hydrotreating reactor system. 
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 A two-step hydrotreating scheme resulted in a reduced rate of polymerization and plugging. 
In this scheme, the first step was a low-temperature carbon–carbon bond saturation step, and the 
second step was a higher-temperature hydrodeoxygenation step. Reacting furfural to near-zero 
concentration in the condensation step also appeared to alleviate polymerization and plugging in 
the hydrotreating step. It was hypothesized that cofeeding a hydrocarbon as solvent would also 
alleviate plugging by acting as a heat sink for exothermic hydrotreating reactions and by sweeping 
away coke precursors. A mixture of octadecane and hexane was used as solvent as these 
hydrocarbons are outside of the jet fuel product range and could be separated from the jet product 
via distillation. Pure octadecane solidified in the feed lines and hexane was used to keep the solvent 
fluid. Hexane alone was not used as a solvent as it would likely be in the gas phase at reactor 
conditions. Adding a hydrocarbon solvent did not appear to have an effect on rate of 
polymerization, based on operating time prior to reactor plugging. 
 
 More research is warranted to determine the root cause of plugging and to further investigate 
hydrotreating process techniques that can alleviate polymerization. Certain compounds, such as 
furfural and unsaturated carbon–carbon bonds, appear to accelerate the rate of polymerization. The 
rate of heating also appeared to have an effect on polymerization, and a low-temperature step 
followed by a high-temperature step reduced the rate of polymerization and plugging. 
 
 Hydrocarbon product generated from hydrotreating condensation products (ethyl levulinate 
and furfural condensation) was fractionated via distillation, and a 7-g sample of jet fuel was 
obtained for fuel property testing. This work demonstrated that it is possible to convert ethyl 
levulinate and furfural to a jet-range hydrocarbon product via condensation and hydrotreating. 
Condensation products were hydrodeoxygenated to form a distinct fuel phase and water phase. 
The liquid product typically contained 63 mass% fuel and 37 mass% water. The high water content 
in the hydrotreater product was indicative of the high oxygen content in the condensation product 
(hydrotreater feed). During a typical hydrotreating experiment, the product initially exited the 
reactor as a clear liquid and then turned darker in color over the course of 2–3 days. After 2–3 days 
of continuous operation, plugging of the catalyst bed occurred, resulting in an increase in pressure 
drop, and the system was shut down. Figure 2.2-9 shows the fuel phase (top) and water phase 
(bottom) samples collected over time. The hydrocarbon product gradually changed from clear to 
orange to black before the reactor plugged and the hydrotreater run was stopped. 
 
 A 7-g jet fuel sample was distilled out of the hydrotreater product for fuel property testing. 
A chromatogram of the produced jet fuel is shown in Figure 2.2-10, and fuel property results are 
shown in Table 2.2-6. The jet fuel sample produced via the ethyl levulinate pathway met the freeze 
point specification of JP8 and the ASTM specification for jet fuels containing synthesized 
hydrocarbons (D7566). The jet fuel sample’s flash point was 2°C lower than the JP8 and D7566 
requirement. The sample’s physical density was lower than the JP8 specification but within the 
specified range for D7566 jet fuel. 
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Figure 2.2-9. Temporal hydrotreater product samples – hydrocarbon phase (top) and water phase 

(bottom). 
 
 
 
 
 

 
 

Figure 2.2-10. Chromatogram of jet fuel sample produced via ethyl levulinate pathway 
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Table 2.2-6. Properties of Jet Sample Compared to Specifications 

 
Cellulosic Jet 

(sample dried with 
potassium carbonate) 

JP8 Jet Fuel 
Specification 

ASTM D7566 
(synthesized 

hydrocarbons) 
Freeze, °C −48.4 <−47 <−40 
Flash, °C 36.0 <38 <38 
Density, g/mL 0.76 0.775–0.840 0.730–0.770 

 
 
CONCLUSIONS 
 
 The work completed during this project demonstrated each of the three key process steps 
that are required to convert cellulosic feedstocks into hydrocarbons via the ethyl levulinate 
pathway. Cellulosic biomass (sawdust) was converted to a product containing ethyl levulinate. 
Purchased ethyl levulinate was condensed with purchased furfural and formed a higher-molecular-
weight condensation product. The condensation product was subsequently hydrotreated and 
formed a hydrocarbon product from which a 7-g jet fuel sample was distilled. This work 
demonstrated that it is possible to convert cellulosic feedstocks into hydrocarbon products without 
the use of enzymes.  
 
 While the concept and process chemistry were reduced to practice, additional research is 
needed to 1) optimize yields in each of the three process steps, 2) eliminate hydrotreater 
polymerization and plugging, and 3) develop condensation and hydrotreating catalysts and/or 
process techniques that allow long-term operation without premature catalyst deactivation and/or 
reactor plugging. Further work at the bench scale is required prior to scaling up this technology. 
Researchers have identified process modifications that have the potential to improve operability 
and process economics. These modifications will be proposed as the topic of future research. 
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SUBTASK 2.3 – PRODUCTION OF BIO-DERIVED PLATFORM CHEMICALS 
 
 
INTRODUCTION AND BACKGROUND 
 
 Acrylic acid is a valuable chemical used in a variety of high-volume everyday products, 
including paints, coatings, personal care products, diapers, detergents, and numerous other 
commodity materials. In the past, acrylic acid was produced from β-propiolactone (BPL). Today, 
acrylic acid is made from propylene by partial oxidation and cryogenic separation. Propylene may 
be generated by steam cracking of petroleum naphtha or from natural gas-derived propane. With 
the dramatic rise in petroleum costs over the last several years, the cost of acrylic acid and many 
other 3-carbon propane derivatives has risen accordingly. At the same time, the cost of ethane 
(derived from natural gas) has fallen substantially against the cost of propane. Meanwhile, 
concerns regarding greenhouse gas and other emissions have created an incentive to use carbon 
dioxide and other single-carbon molecules as chemical feedstocks. 
 
 Novomer, a start-up chemistry company with facilities in Massachusetts and New York, has 
developed a batch process for combining carbon monoxide and carbon dioxide with ethylene oxide 
to produce valuable 3-carbon polymer precursors such as BPL. The rising cost of petroleum 
combined with the falling cost of ethane has made it economically attractive to generate 3-carbon 
compounds from ethane derivatives such as ethylene oxide. 
 
 Novomer envisions using renewable carbon to supply the CO and CO2 for its process. 
Because CO and CO2 can be generated from relatively simple processes such as gasification and 
combustion, Novomer’s products incorporate a significant renewable component without 
requiring significant chemical processing of the renewable feedstock. The products are also 
identical to those already derived from petroleum, making them drop-in compatible within the 
current polymer and industrial chemical market. The main difficulties for green chemistry (such 
as production of biodegradable plastics) have been that the products are not interchangeable with 
existing petroleum-derived products and that the processes required to generate specific bio-
derived monomers tend to be complex and unproven on a large scale. Compatibility with existing 
large-volume petroleum-based acrylic acid products, combined with simple and proven renewable 
biomass conversion processes such as combustion and gasification to produce the required 
feedstock for production, provides an attractive near-term opportunity for Novomer’s process to 
achieve large-scale market penetration. 
 
 BPL is a valuable feedstock in its own right. However, if a second renewable carbon atom 
is added to BPL using Novomer’s catalyst, the product is succinic anhydride, a 4-carbon platform 
chemical used in resins, pharmaceuticals, and other products. As 3-carbon platform chemicals such 
as acrylic acid are produced from propane and propylene, 4-carbon platform chemicals such as 
succinic anhydride are produced from butane, butylene, and butadiene. The ability to make 
succinic anhydride from cheaper biomass-derived ethylene oxide and carbon monoxide could 
prove to be as attractive as the ability to generate acrylic acid. 
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 The basic process chemistry involves stoichiometric reaction of ethylene oxide with carbon 
monoxide over a proprietary homogeneous liquid catalyst, as shown in Equation 1. The product, 
BPL, is a valuable chemical intermediate. However it can be further reacted with additional carbon 
monoxide to yield succinic anhydride (SAN), as shown in Equation 2. 
 

  [Eq.1] 
 

  [Eq. 2] 
 
 Novomer has developed and optimized this process in lab-scale batch reactors, identifying 
critical variables such as residence time, catalyst formulation, solvents, temperature, reactant 
concentrations, and effects of various poisons. This knowledge base has allowed Novomer to 
generate samples of very pure products from its batch reactors. However, because the catalyst is a 
liquid, it must be separated from the final products and recycled for continuous production. The 
basis for research under this CBU project was to work with Novomer to assess catalyst life and 
develop process and separation strategies that would enable the creation of a continuous process.  
 
 
GOALS AND OBJECTIVES 
 
 The project goals were:  
 

• To assess homogeneous liquid catalyst life provided by Novomer. 
 

• To develop process and separation strategies that would enable the creation of a 
continuous process.  

 
 
EXPERIMENTAL 
 
 Prior to laboratory testing, the EERC reviewed Novomer’s batch process data which 
included reaction rate, effect of residence time, catalyst loading, reactor volume, operating 
conditions, and other information critical to the design effort. Based on those data, a conceptual 
design for several pilot-scale reactor systems was completed. The focus of the design strategy was 
to test catalyst life and evaluate separation strategies for removing products from catalyst and 
solvents. Novomer’s catalyst is a liquid that exists in a homogeneous phase with the product and 
absorbed reactants, so it must be separated from products and recycled to determine catalyst 
lifetime.  
 
 Following review by Novomer, the EERC conducted a number of experiments including 
baseline batch experiments, high catalyst turnover batch experiments, and semicontinuous catalyst 
recycle experiments. The approach used to test each set of experiments is described below.  

O O
O

CO+
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Step 1 – Baseline Batch Experiments  
 
 The EERC configured a 1-L Parr reactor for batch operation using operating conditions 
similar to those previously performed at Novomer’s facilities. Heating and cooling of the reactor 
was accomplished with a copper coil wrapped around the outside of the reactor. A heated or cooled 
glycol solution was circulated through this coil to maintain the desired reaction temperature. A 
schematic of the batch reactor system is provided in Figure 2.3-1.  
 
 Tests were conducted at the desired temperature and pressure (45°C and 600 psig) with the 
reactor containing 500 mL dioxane solvent and 611 mg catalyst. Reactants were added to the 
reactor including a single charge of ethylene oxide and a continuous feed of CO controlled via 
deadband control from a pressurized cylinder.  
 
 Catalyst is sensitive to oxygen and therefore must be handled in an inert environment. Initial 
efforts to prepare catalyst at the EERC were unsuccessful due largely to the absence of an adequate 
nitrogen-purged glove box. Therefore, catalyst solutions were prepared by Novomer at its facility 
and shipped to the EERC in sealed containers. The catalyst containers were connected to the Parr 
reactor (already sealed and pressure-tested), overpressured with CO, and injected into the reactor.  
 
 During reaction, CO was added to the batch reactor using deadband control rather than being 
allowed to flow continuously through a mass flowmeter. With deadband control, the CO will 
normally not flow at all, but as reactor pressure drops below the deadband range, a valve will open 
and CO will flow at a fairly high rate until pressure reaches the deadband range. Use of deadband  
 
 

 
 

Figure 2.3-1. Reactor configuration for baseline batch processing. 
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control for CO addition also allowed the gas feed line to be valved shut when CO is not flowing 
at a high rate, helping to prevent the reactor contents from backmixing into the gas feed system. 
Reaction progress was estimated based on CO consumption rate.  
 

Step 2 – High Catalyst Turnover Batch Experiments 
 
 The objective of these experiments was to achieve a higher catalyst turnover number than 
previous batch experiments by increasing the ethylene oxide (EO) quantity and decreasing the 
catalyst load. These tests were intended to demonstrate that more SAN product could be produced 
from a unit of catalyst and aid in assessing catalyst life.  
 
 These tests utilized the same reactor system used in previous batch tests, with several 
modifications designed to minimize the potential for oxygen contamination. The modifications 
included the following: 
 

• Replacement of Teflon-lined flexible tubing, located on the CO supply and EO supply, 
with all-stainless steel flexible lines. 

 
• Plumbing modifications to accommodate a Novomer-supplied catalyst charge vessel. 

 
• Modification of the process control methodology to enable automatic CO addition to 

maintain system pressure. 
 

• Installation of a dip tube to enable liquid sample collection without introducing air to the 
reactor. 

 
 The extended batch tests were conducted at the same temperature and pressure as previous 
batch experiments. The reactor was charged with solvent catalyst solutions as provided by 
Novomer and EO under a CO atmosphere. The total amount of CO consumed was monitored and 
recorded for each test. 
 

Step 3 – Catalyst Recycle 
 
 The objective of these experiments was to achieve a higher catalyst turnover number than 
previous batch experiments by increasing the EO quantity, decreasing the catalyst load, and 
recovering the solvent–catalyst mixture and recycling it to the reactor for several subsequent batch 
experiments. These tests were intended to demonstrate higher SAN production/unit of catalyst and 
provide an opportunity to achieve a turnover number of 75,000.  
 
 These tests utilized the same reactor configuration used in the previous extended-catalyst-
life batch test. System modifications were made to allow the transfer of product from the 1-L 
reactor into an accumulator vessel (AV) and subsequent transfer of solvent–catalyst back into the  
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1-L reactor where another batch experiment could be performed. A diagram illustrating the reactor 
configuration is provided in Figure 2.3-2. Modifications included: 
 

• Rebuilding and installation of a bottom drain valve on the 1-L reactor to transfer product 
between the reactor and the AV. In addition to the bottom drain valve, the existing dip 
tube provided a second option for sampling and transfer of product if the bottom drain 
valve malfunctioned or plugged. 

 
• Fabrication of a pressurized AV using bolt-down sanitary fittings. The product 

accumulator vessel had a diameter of 4 in. and a volume of approximately 1.8 L. The 
pressure rating for this system was 1000 psi. 

 
• The AV contained a bottom drain screen made from woven wire mesh. 

 
• The accumulator top plate contained an inlet valve for liquid feed, a pressure gauge, 

pressure relief, and a dip tube.  
 
 

 
 

Figure 2.3-2. Reactor configuration for batch with catalyst recycle. 
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• Plumbing allowed CO gas to be charged from the high-pressure cylinder to the AV 
through the liquid feed line. 

 
• Pressure and CO gas flow provided the mechanism to transfer solvent/catalyst between 

the reactor and the accumulator.  
 

• A cooling coil wrapped around the exterior of the vessel was used to enable heating or 
cooling. 

 
• Electrically rated heat tape was installed on the recycle pipe between the accumulator and 

1-L reactor to heat recycled solvent and prevent product crystallization. 
 
 Each batch of the catalyst recycle tests was conducted at similar temperature and pressure to 
previous batch experiments. The reactor was charged with dioxane, catalyst (provided premixed 
in dioxane to the EERC by Novomer), and EO under a CO atmosphere. The total amount of CO 
consumed was monitored to assure the reaction was complete and SAN had been produced. At the 
conclusion of the test, the AV was pressurized with CO (after appropriate purging vacuum and 
leak checking). Transferring material from the 1-L reactor to the AV was done with minimal 
pressure drop to prevent SAN from precipitating inline between the reactor and AV. The AV was 
chilled to around 25°C. The Fetterolf valve (V-401) on the bottom of reactor was opened, and 
liquid product drained to the accumulator vessel using CO pressure. CO was used to purge the 
Fetterolf valve and associated tubing to ensure all liquid components were transferred to the AV. 
The line between the reactor and the Fetterolf valve was heat-traced to prevent plugging. The 
Fetterolf valve was closed, and the AV was vented slowly to 50 psi to allow SAN product to be 
crystallized and settle to the bottom of the vessel.  
 
 The 1-L reactor was vented to approximately 25 psi prior to transferring liquid solvent–
catalyst from the AV to the reactor. Carbon monoxide was allowed to flow through the AV to the 
1-L reactor to transfer liquid through the lines into the reactor. The recycle piping between the 
accumulator and 1-L reactor was heat-traced to prevent SAN loss in the piping. At this point, the 
AV was isolated and the batch procedure repeated. 
 
 Following the completion of these experiments, the EERC had intended to conduct long-
term catalyst life experiments; conduct thermodynamic modeling of a continuous system; and 
assess process economics using Aspen Plus® software. However, results from catalyst recycle tests 
indicated that the production of succinic anhydride had a negative effect on catalyst life and 
therefore further continuous process development and catalyst life assessment were unnecessary. 
With this new information about catalyst sensitivity to SAN, an approach change has been initiated 
by Novomer to focus on the formation of BPL and its separation from the catalyst and reactants. 
At the direction of Novomer, the project has been terminated and Novomer will proceed with 
process development of a BPL isolation approach and continuous process.  
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RESULTS AND DISCUSSIONS 
 

Baseline Batch Experiment Results 
 
 A number of batch experiments were conducted in an effort to replicate experiments 
conducted previously at Novomer’s facilities. However, the EERC was unable to achieve 
conversion of reactants to BPL or SAN. After consultation with Novomer, it was determined that 
oxygen contamination was occurring in the catalyst preparation and transfer at the EERC. Based 
on this information, it was decided that catalyst solutions would be prepared at Novomer and 
shipped to the EERC for testing. All subsequent tests were conducted in this manner.  
 
 Two batch experiments were conducted in which EO and CO reactants were successfully 
converted to BPL and then SAN. Product SAN crystals were recovered from the reactor, and mass 
recovery matched theoretical production based on measurements of CO supplied to the reaction.  
 

High Catalyst Turnover Batch Experiment Results 
 
 Based on the test results from baseline batch experiments, preparations were begun to 
perform similar experiments under high-catalyst-turnover-number conditions by increasing the EO 
addition and reducing the amount of catalyst. Two experiments were performed to test the effect 
of multiple charges of EO to the reactor. The reactor was charged with catalyst and reactants, and 
the reaction was allowed to progress to completion. Once it was clear that CO was no longer being 
consumed, the measured CO volume was compared to a theoretically calculated value to ensure 
the reaction had gone to completion. A second addition of EO was charged to the reactor, and 
additional CO was allowed to flow to the reactor. In both experiments, reaction rate either slowed 
or stopped as indicated by a stop in the flow of CO before the reaction went to completion. This 
reduction in catalyst activity and slowing of CO consumption indicated the presence of a 
contaminant or catalyst poison; however, gas chromatography (GC) of samples did not indicate 
any obvious contaminants. 
 
 To ensure all remaining EO reacted, a fresh batch of catalyst was charged to the reactor. In 
both experiments, charging additional catalyst to the reactor resulted in the rapid consumption of 
CO and complete reaction of EO in the reactor. Because of our inability to determine the cause of 
the decrease in catalyst activity, an alternative approach was developed to try separating product 
from catalyst, allowing additional experiments to be conducted using the same catalyst without 
exposing the reactor system or catalyst to air.  
 

Catalyst Recycle Test Results  
 
 A total of three catalyst recycle tests (CRTs) were conducted to help assess catalyst 
durability. The objective of these experiments was to achieve a higher catalyst turnover number 
than previous batch experiments by recovering the solvent–catalyst mixture and recycling it to the 
reactor for several subsequent batch experiments. These tests were intended to demonstrate higher 
SAN production/unit of catalyst and provide an opportunity to achieve a turnover number of 
75,000. In each of the three CRT tests, only one recycle of catalyst and solvent to the reactor was 
achieved before catalyst reactivity was reduced too much to prevent further experimentation.  
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Each batch of the catalyst recycle tests was conducted at 45°C and 600 psig. The reactor was 
charged with 500 mL dioxane containing 0.57 g catalyst and approximately 44.0 g EO (50.0 mL) 
under a CO atmosphere. Theoretically, the total amount of CO consumed was approximately  
60.0 g (44.8 normal liters, or 2 mol) resulting in approximately 100.0 g of SAN from each set of 
carbonylations. 
 

At the conclusion of the first set of carbonylations, the AV was pressurized with CO (after 
appropriate purging, vacuum, and leak checking), and contents from the reactor were transferred 
to the AV with a pressure drop of approximately 100 psi or less to prevent SAN from precipitating 
inline between the reactor and AV. The AV was chilled by setting the glycol bath to 15°C and 
waiting approximately 2 hr. AV internal temperature was not measured. The line between the 
reactor and the AV was heat-traced to prevent plugging. Once the product had been transferred to 
the AV and cooled, the AV was vented to either 100 or 300 psi to allow SAN product to be 
crystallized and settle to the bottom of the AV. 
 

To recycle solvent and catalyst back to the reactor, the 1-L reactor was vented to 
approximately 100 psi, the AV was pressurized to 600 psi, and carbon monoxide was allowed to 
flow through the AV to the 1-L reactor to transfer liquid through the lines into the reactor. The 
recycle piping between the AV and 1-L reactor was heat-traced and heated to 45°C to prevent SAN 
loss in the piping. At this point, the reactor and AV were isolated and the batch procedure repeated. 
A summary of key operating conditions for each of the three tests is provided in Table 2.3-1. 
 

AV SAN Recovery Performance 
 

An important factor in assessing catalyst recycle was the ability to recover SAN product 
within the AV. Prior to these tests, it was theorized that decreasing both temperature and pressure 
would be necessary to precipitate SAN in the AV. Further, prior experience by Novomer suggested 
that decreasing pressure had a rapid effect on SAN precipitation. Therefore, significant effort was 
made to keep product solution at reaction temperature and pressure during catalyst recycle 
operations. A summary of the recycle operating conditions used for each of the three tests is 
provided in Table 2.3-2. 

 
Slightly different pressures and durations were used for the three tests in an effort to 

maximize SAN recovery within the AV. In CRT-1, 36 g of SAN was recovered from the AV: 
approximately 30% of theoretical SAN production. However, CRT-2 and CRT-3 yielded very low 
SAN recovery in the AV, with only 13.6 g from CRT-2 and 10.3 g from CRT-3. Following CRT-
2, it was theorized that a greater pressure drop was required to precipitate SAN in the AV. 
Therefore, the AV pressure was reduced to 100 psi in CRT-3, similar to what was done in CRT-1. 
However, this does not appear to have improved SAN recovery in the AV. After the detailed time, 
temperature, and pressure profile data from the three tests were reviewed, it appears that 
significantly more time was spent transferring product from the reactor to the AV and 
depressurizing the AV. It is likely that this time played a significant role in achieving the greater 
SAN recovery in the AV during CRT-1. 
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Table 2.3-1. Summary of Operating Conditions Used in Catalyst Recycle Tests 
 CRT-1 CRT-2 CRT-3 
Stir Rate 500 rpm 650 rpm 650 rpm 
CO Supply Method 500 cm3/min 

MFCa 
1000 cm3/min 

MFC 
MFC bypass 

Accumulator Depressurization 100 psi 300 psi 100 psi 
Duration of Product Transfer to AV 100 min 30 min 28 min 
AV Hold Time at Reduced T and P 90 min 18 min 18 min 
EO, First Addition 32.0 mL 26.9 mL 24.1 mL 
EO, Second Addition 27.2 mL 25.3 mL 25.8 mL 
a Mass flow controller. 

 
 

Table 2.3-2. Recycle Operating Conditions 
 

Transfer to AV 
Cooling 
of AV 

Venting AV and 
Transfer Back to 

Reactor EO Charges, mL 

Total Time 
Between 

1st and 2nd 
EO Charge 

Lowest 
Pressure 

of AV 
 

Time, 
min 

No. 
Cycles, psi 

diff. 
Time, 
min 

Time, 
min 

No. 
Cycles, 
psi diff. 

1st 
Charge 

2nd 
Charge hr psi 

RT-1 100 7 (20 psi 
diff.) 

9 (40 psi 
diff.) 

113 90* 3 (500 psi 
diff.) 

32 27 11.5 100* 

RT-2 30 8 (100 psi 
diff.) 

137 18 2 (500 psi 
diff.) 

27 25 10.0 300 

RT-3 28 3 (100 psi 
diff.) 

144 18 2 (500 psi 
diff.) 

24 26 10.5 91 

* The pressure of the AV was first decreased to 300 psi, and then 50 minutes later, it was decreased further to 100 psi. 
 
 
 Additional research is needed to better understand the solubility of SAN under reaction 
conditions. Once solubility is better characterized, a design for continuous operation can be 
pursued. 
 

Effect of Restricted CO Flow on Catalyst Activity 
 

For CRT-1, a MFC rated for 200-cm3 limited CO flow to the reactor, causing a 142-psi 
pressure drop during the second carbonylation. A larger MFC, rated for 1000 cm3 was used during 
CRT-2 in an effort to increase gas flow and prevent a pressure drop; however, a 68-psi pressure 
drop still occurred. During CRT-3, the MFC was bypassed shortly after the test began, allowing 
gas flow to the reactor to be maintained directly from the CO cylinder pressure regulator. This 
modification significantly reduced the pressure loss to only 11 psi during the second carbonylation. 
The rate data do not provide a clear indication as to whether this improvement in CO addition 
improved catalyst activity for the recycled catalyst. The reaction rate improved from CRT-1 
(virtually no reaction) to CRT-2, and this could be attributed to the CO addition rate or the shorter 
recycle time when SAN, solvent, and catalyst were in contact at reduced CO pressure. A 
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comparison of rate data is provided in Table 2.3-3. The absence of MFC data due to MFC 
bypassing during periods of CRT-3 makes rate comparison difficult. Where MFC is unavailable, 
duration of reaction has been estimated to compare relative rate. 
 

Metals Balance 
 
 Samples from the reactor product, AV product, and rinses were collected and analyzed for 
metals in an attempt to assess the fate of catalyst during recycle operations. In all three tests, 
inductively coupled plasma (ICP) analysis resulted in lower cobalt values than expected based on 
a calculated cobalt value of the catalyst added to the system. A summary of cobalt results from 
ICP analysis is provided in Table 2.3-4. 
 
 

Table 2.3-3. Summary of Reaction Rate Data for Catalyst Recycle Tests 
 CRT-1 CRT-2 CRT-3 
First EO Addition, First Carbonylation 
EO Added to Reactor, mL 32 27 24 
CO Measured, L 10.5 11.7 MFC- bypassed 
Duration, hr 4 3.2 3.5 
CO Consumption, cm3/min 59 over 179 min of 

steady-state operation 
64 over 183 min of 

steady-state operation 
57 over first 130-min 

prior MFC bypass 
First EO Addition, Second Carbonylation 
CO Measured, L 13.2 12.2 MFC – bypassed 
Duration, hr 3.2 until 60-min 

rolling avg. is  
1.7 cm3/min 

4.5 until 60-min 
rolling avg. is  

1 cm3/min 

2.4 until 60-min 
rolling avg. is  

1 cc/min 
CO Consumption, cm3/min 69 45 MFC-bypassed 
Second EO Addition  
EO Added to Reactor, mL 27 25 26 
Duration, hr No reaction observed, 

THF*/catalyst added 
66 (2 days, 18 hr) EO 
addition until 60-min 

avg. is 1 cm3/min 

71 (2 days, 23 hr) EO 
addition until 60-min 

avg. is 1 cm3/min 
Relative Duration, hr 
 Reaction/ml EO  

– 2.64 2.73 

* Tetrahydrofuran. 
 
 

Table 2.3-4. Summary of Cobalt Analysis 
 CRT-1 CRT-2 CRT-3 
Cobalt to Reactor with Dioxane, calculated mg 35.4 35.4 35.4 
Cobalt to Reactor with THF, calculated mg 35.0 0 35.0 
Cobalt Recovered, mg 60.2 25.1 30.0 
Total Cobalt Recovery, % 86 71 43 
Cobalt Recovered from Reactor, % 97 93 94 
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 The reason for low metals recovery as determined by ICP analysis has not been determined. 
The results reported are an average of triplicate analysis, and variability between samples was 
small. Cobalt recovery from CRT-1 was better than the subsequent tests. Product from CRT-1 was 
recovered by draining products, rinsing the system with acetone, and opening the AV to recover 
solid SAN and subsequent acetone rinses. Catalyst retained in the solid SAN was not measured. 
Recovery was performed differently for CRT-2 and CRT-3. The reactor system was not opened; 
rather, dioxane was pressured into the reactor and the AV heated and drained in a series of rinses 
designed to segregate material from the reactor and the AV. SAN and metals concentrations in 
subsequent rinses of the reactor and AV suggest material is not retained within the system. Further, 
the AV was opened and inspected following CRT-3, and no residue of SAN or catalyst was visible 
inside the vessel. One possible explanation for the missing cobalt in all three tests is insoluble 
catalyst in product and rinse solutions. Sample bottles from the reactor product and the first rinse 
of the reactor exhibit a fine particulate accumulated at the bottom of the jar. The solutions were 
diluted with dioxane to completely dissolve SAN for GC analysis. It is possible that some of the 
missing cobalt could be present in this precipitate. Analysis of this material could be conducted, 
but several liters of solvent would need to be removed, the remaining solids homogenized, and 
then analyzed. Alternately, it may be possible to filter the solution to recover some of the 
precipitate.  
 

SAN Balance 
 

The SAN/dioxane product from each recycle test was recovered by draining the reactor and 
AV separately through a common drain valve located within the reactor system tubing. The reactor 
and accumulator vessel were both rinsed at least twice with dioxane, with the exception of CRT-
1, which was rinsed with acetone. Each fraction was isolated analyzed separately, and a cumulative 
SAN concentration for each test was calculated. The SAN concentration in CRT-1 was determined 
by drying a fraction of the product solution and obtaining a dry weight of SAN crystals. The SAN 
concentration for both CRT-2 and CRT-3 was determined by an analytical method utilizing GC 
with flame ionization detection (FID). Efforts to dry the solution down to obtain the weight of 
SAN were abandoned after CRT-1 because of discovery of residual BPL remaining in the product. 
The drying process could have then been an exposure risk for project personnel; therefore, it was 
decided to rely on the GC analytical method for SAN concentration determinations. 

 
 Table 2.3-5 provides a summary of results from SAN concentration determined by GC 
analysis and dry weight measurement compared to the calculated theoretical SAN concentration 
based on the amount of EO charged to the reactor. In CRT-1, the theoretical SAN concentration 
and the actual measured SAN concentration are very close, with slightly more measured than the 
calculated theoretical. However, in both CRT-2 and CRT-3, the measured SAN concentration is 
significantly less than the theoretical concentration. Explanations for the underestimated SAN 
concentration using the GC methodology include interference from the dissolved catalyst and 
potential decomposition of the SAN product within the instrument. Further investigation would be 
required to understand the underestimating issue of the analytical methodology. 
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Table 2.3-5. Summary of SAN Recovery Data 
 CRT-1* CRT-2** CRT-3** 
First EO Addition, mL 32.0 26.9 24.1 
Second EO Addition, mL 27.2 25.3 25.8 
Calculated SAN from First EO Addition, g 64.0 53.8 48.1 
Calculated SAN from Second EO addition, g 54.4 50.6 51.1 
Total Calculated SAN, g 118.4 104.4 99.6 
Measured SAN, total g 123.0 87.4 68.2 
SAN Recovery, % >100% 83.7% 68.5% 
 * SAN concentration determined by drying method. 
** SAN concentration determined with GC–FID analytical method. 
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SUBTASK 2.4 – ADVANCED WASTE-TO-ENERGY DEVELOPMENT 
 
 
INTRODUCTION 
 
 Waste minimization is one of the most critical requirements of the present day for 
achieving an environmentally sustainable future. While some of the major waste streams, such as 
municipal solid waste (MSW) and industrial and agricultural wastes, have potential for energy 
conversion, the complexities of fuel composition and increasingly stringent environmental 
regulations have posed new challenges to waste conversion system developers to advance current 
technology that can meet with these challenges. The recent increase in waste disposal cost and 
demand for developing new energy sources have helped incentivize new and better waste-to-
energy technologies.  
 
 Wynntryst, LLC, is working toward capturing the rapidly evolving opportunity of 
converting coffee industrial waste into an energy source. As part of its business strategy, 
Wynntryst, LLC, partnered with the EERC to utilize the EERC’s advanced distributed 
gasification technology as an enabling technology platform for converting coffee roaster (CR) 
coffee production and packaging waste into energy and by-products.  
 
 Owing to the expected unique characteristics of the CR waste stream, Wynntryst, LLC, 
and the EERC reached an agreement to conduct a two-phase approach to developing a robust 
waste-to-energy technology for this unique fuel. The first phase is focused on understanding fuel 
composition and establishes the preliminary feasibility of gasifying waste in the EERC’s 
advanced gasification technology, and the second phase is focused on conducting a technology 
reliability study at the pilot scale and a demonstration at full scale. 
 
 
BACKGROUND 
 
 CR waste is expected to be a uniquely complex material when it is considered as a 
gasification feedstock. In contrast to well-established pure biomass or pure coal gasification 
processes, the thermochemical conversion process for converting a heterogeneous mixture of 
waste coffee, papers or cellulosic biomass, and plastic polymers is not commonly associated with 
or applied to distributed energy generation. Efforts to develop a gasification process for coffee 
grounds in a dual fluidized bed by Xu et al. (2006) demonstrated production of syngas with tar 
concentrations of up to 50 g/m3 and carbon conversions of 70%. In an effort to reduce tar, the 
authors injected air and succeeded in reducing tar loading up to 25 g/m3. These tar loadings are 
significantly high, and advancements in both gasification and tar elimination techniques were 
required. The coffee is known as the highest-alkali-containing biomass. The impact of alkali on 
the long-term operation of gasification with coffee waste as fuel could not be found in the 
literature. On the other hand, a significant effort has been conducted in understanding the 
gasification of plastic. It is, however, seen that high tar loading in the syngas is one of the serious 
issues in the case of plastic waste gasification.  
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Selection of Gasification Process for Distributed Power Generation  
 
 The use of a fixed-bed gasifier (FBG) is by far the simplest gasification approach for 
small- or distributed-scale power generation. Since the CR waste conversion system is expected 
to convert 4 tonnes (4.41 tons) of the fuel a day, a FBG is proposed to avoid the complexities of 
the fluidized bed and the necessary balance-of-plant systems for tar cleanup.  
 
 Of the two popular types of FBGs, downdraft and updraft, the downdraft has an 
established track record of producing the cleanest hot gas (low organic or tar contaminant 
levels). The tar concentration in raw syngas in the case of updraft and fluidized or circulating 
fluidized-bed (CFB) and downdraft gasifiers is as shown in Table 2.4-1. Downdraft gasifiers, 
when operated according to specifications, produce the cleanest gases, with “tar” loading 
typically slightly in excess of 1 g/Nm3 (Graham and Bain, 1993; IEA Thermal Gasification of 
Biomass Task, 1998). The production of low amounts of tar in the downdraft gasifier is due to 
the long residence time of high-molecular-weight devolatilized gases in a uniform high-
temperature (HT) zone, which results in thermal conversion to simple short-chain hydrocarbons. 
 

Downdraft Gasification Processes  
 

Figure 2.4-1 shows the schematic of three variations of downdraft gasifiers depicting the 
location of reaction zones with respect to the fuel feed (from the top) and syngas discharge (from 
the bottom). These gasifiers—Imbert, stratified, and thermally integrated stratified—are 
differentiated based on distinct temperature profiles achieved as a result of their respective 
design and operating features. In all three variants of gasifiers, the pyrolysis zone is located 
upstream of the oxidation zone, and the reduction zone is located downstream of the oxidation 
zone. The devolatilized products leaving the pyrolysis zone pass through a HT zone formed by 
the partial oxidation of devolatilized products as well as char. The products of combustion and 
unconverted devolatilized products leaving the oxidation zone react with unconverted char in the 
reduction zone located downstream of the oxidation zone. 
 
 The Imbert downdraft gasifier (Figure 2.4-1) has a characteristic constriction near the 
oxidation zone. This constriction provides the oxidation zone stabilization and prevents 
movement. The stratified downdraft has no constriction; however, zone stabilization is 
established by maintaining specific oxidizer (air) and fuel throughput. The advanced downdraft 
gasifier achieves direct and/or indirect modes of heat injection in the gasification zone such  
  
 

Table 2.4-1. Tar Concentration in Raw Syngas in the Case  
of Updraft and Fluidized or CFB and Downdraft Gasifiers 

Gasifier Type Typical Tar Concentration, g/Nm3 
Updraft  50 
Fluidized Beds and CFBs 10 
Downdraft 1 
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Figure 2.4-1. Schematic of downdraft gasifier: 1) Imbert type, 2) classical stratified, and  
3) indirect or thermally integrated stratified. 

 
 
that, relative to the typical gasifier, a larger or expanded HT zone is created in the gasifier. This 
self-sustaining exothermic profile can help in improving carbon and volatile conversion such that 
clean syngas with a higher gasification efficiency is achieved. Having such features in the 
downdraft gasifier system is the primary means of defeating the disadvantage of economy of 
scale.  
 
 Figure 2.4-1 depicts a schematic of temperature profiles in different sections of three types 
of downdraft gasifiers. In Figure 2.4-1, 3a and 3b show variations of two different air injection 
rates. The low air (or oxidizer or gasification medium) injection rate (ER [equivalence ratio] = 
0.05) has relatively lower temperatures compared to high air injection rates (ER = 0.2). This is 
due to a difference in the extent of oxidation of the fuel. 

 
 Depending on the temperature and species concentrations in the zones of the FBG, the 
following overlapping reactions occur and determine the syngas composition: 
 
 Solid–Gas Reactions 
 
 C + ½O2 = CO  (exothermic – partial oxidation) 
 C + O2 = CO2  (highly exothermic – complete oxidation) 
 C + CO2 = 2CO  (highly endothermic – Boudouard) 
 C + H2O = CO + H2 (highly endothermic – water–gas) 
 C + 2H2 = CH4  (exothermic) 
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Gas–Gas Reactions 
 
 CO + H2O = H2 + CO2   (mildly exothermic – water–gas shift [WGS]) 
 CO + 3H2 = CH4 + H2O  (highly exothermic – methanation) 
 
 Air, oxygen-enriched air, pure oxygen, and steam mixed with air or oxygen are the 
oxidizers that can be used in downdraft gasifiers to achieve self-sustained gasification. However, 
if the exothermic heat profile is not achieved because of insufficient exothermic oxidation, 
indirect heating of the reactor is required to maintain the reactor temperature. An example of 
such a process is pure steam gasification, which requires heat injection in order to sustain 
gasification reactions. 
 
 The three variants of downdraft gasifiers, shown in Figure 2.4-1, use air injection, although 
any gasification medium (air and oxygen and their mixture with steam) can be injected in such 
systems. In Figure 2.4-1, 3a and 3b show how a large HT zone (as shown in the temperature 
profile), can be achieved through an advanced gasifier design that achieves effective heat transfer 
in the bed. The figure shows a general schematic representation of heat injection, which could be 
directly or indirectly achieved through exothermic oxidation reaction in the gasifier bed, by 
circulating hot gases, or by indirect heat transfer through the reactor wall or a combination of 
both. 
 
 Figure 2.4-2 depicts the equilibrium gas composition calculated using an equilibrium code, 
National Aeronautics and Space Administration (NASA) SP-273, for sample fuel biomass 
(containing 20% moisture) at a constant reactor temperature of 900°C. The gas composition of 
each species is plotted with respect to the ER (defined as the ratio of actual oxidizer to fuel ratio 
to that of stoichiometric ratio, [O/F]actual/[O/F]stoichiometric). This is irrespective of the design of the 
gasifier. The value of ER is 1 (not shown in the figure) if the stoichiometric amount of air 
(oxidizer) is injected. Under such a condition, complete combustion of fuel will be achieved. The 
chemical energy of the fuel is completely converted into sensible heat (temperature of the 
product gas). In order to achieve the highest possible chemical energy in the syngas, the ER is 
restricted to less than 0.5 (half of the stoichiometric air). 

 
It is interesting to observe the effect of decreasing ER on CO2 and N2 concentrations. The 

H2/CO is close to 1 and does not change significantly; however, the CO and H2 concentrations 
increase with a decrease in ER as a result of a decrease in CO2 and N2 concentrations. In a 
typical self-sustained air gasification process, the value of ER ranges between 0.45 and 0.25 
(shaded region in Figure 2.4-2). The value beyond this range is not preferred since higher values 
will result in gas composition with a low concentration of CO and H2, while lower values will 
result in unconverted carbon. If the external heat is injected in the reaction zone, the ER can be 
lowered and still maintain high carbon conversion. 
 

The syngas composition for the production of hydrogen will depend on the choice of 
gasification medium, the operating ER, and a gasifier design capable of achieving high carbon 
conversion. 



 

2.4-5 

 
 

Figure 2.4-2. Equilibrium gas composition variation with ER in the case of typical air 
gasification. 

 
 
 The literature search pertaining to downdraft gasifiers and plastic waste revealed that 
serious efforts have not been considered in gasifying plastic waste. Bacaicoa et al. (2008) 
conducted a prefeasibility study for cogasifying wood chips and polyethylene in a throated or 
Imbert-type gasifier. The study revealed operational problems and issues related to gas 
production because of excessive pressure drop in the cleaning and conditioning system limiting 
the plastic (HDPE, or high-density polyethylene) fraction (of the mixture with woody biomass) 
to 17%. The paper did not discuss tar quantification results, which are critical in understanding 
gasifier performance. It could be assumed that the pressure drop in the gas-cleaning system is 
causing the clogging of the system due to the excessive amount of condensable tars that are 
scrubbed in the system. The CR waste contains a mixture of low-stability organic compounds, 
waste coffee, plastic used in packaging. Both of these fuels could pose serious challenges to a 
typical downdraft gasifier discussed earlier. Advancement in downdraft gasification followed by 
its established performance are critical in developing an environmentally acceptable conversion 
technology for a CR waste stream. The EERC advanced gasification process based on the 
downdraft principle has the ability to achieve the desired performance. This project was 
undertaken to utilize a proven gasification process for the CR waste-to-energy converter.  
 
 
OBJECTIVES 

 
The overall objective of this prefeasibility study was to demonstrate the use of gasification 

technology for converting CR waste, based on which a future formal technical and economic 
feasibility assessment can be conducted.  
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 The following were the objectives of the Phase I project: 
 

• Characterize CR waste and develop a detailed understanding of fuel composition. 
 

• Conduct gasification of CR waste and develop a preliminary understanding of the fuel 
performance. 

 
• Determine process requirements for producing clean syngas with near-zero 

environmental impact.  
 
 
CR COMPOSITION 
 

Composition of CR-F3 – Batch 2 Waste Material  
 
 The waste material (referred to as CR-F3) received from a coffee company provided by 
Wynntryst was a heterogeneous mixture of a vast number of subcategories of subcomponents 
within biomass, plastics, and inert materials. This material was contained in 22 Super Sacks and 
weighed about 3.63 tonnes (4 tons). The standard process for preparing a sample for composition 
analysis is to micronize a representative sample. In order to obtain this representative sample, a 
randomly selected eight Super Sacks were sorted to identify single components present in the 
waste stream. The total weight of the material sorted was about 1.31 tonnes, or about 2892 lb. 
The weight of distinctly identified waste subcomponents from each Super Sack was used in 
arriving at the weight fraction of the representative sample. Table 2.4-2 shows representative 
waste composition expressed as a weight percent of the major category identified as coffee, 
mixed papers, plastics, inert material (including metals/glass), and moisture.  
 
 Figure 2.4-3 shows direct photos of the mixed waste material packed in the first Super 
Sack (Figure 2.4-3a) and assorted material consisting of mixed plastics, mixed papers, coffee 
grounds and coffee beans, and plastic coffee-packaging material.  
 
 

Table 2.4-2. Composition and  
Heating Value of CR-F3  

  Second Batch, wt%  
  CR-F3 
Paper 17.5 
Coffee 55.4 
Plastics 25.1 
Metal 1.2 
Moisture 0.8 
HHV,1 MJ/kg 25.33 

 1Higher heating value. 
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Figure 2.4-3. Photographs of Super Sack and segregated CR waste. 
 
 
 The coffee and mixed papers, classified as biomass, are the largest fraction of the waste. 
About 72% of the waste material is determined to be biomass, while plastic is about 25%. The 
inert metal component is about 1.2%, and of the remainder, the major fraction is moisture, which 
is about 0.8%. Thus the waste is almost dry at the time of this analysis. The moisture in the paper 
and coffee are expected to vary, depending on the local storage conditions. Considering that the 
moisture content in the biomass is about 5% (based on proximate analysis), the total moisture 
content of the waste will increase to about 4.4% without affecting the plastic fraction. 
 
 The plastics consist of a range of nonchlorinated plastics, primarily of a hydrocarbon 
source.  
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Sample Preparation for Fuel Analysis 
 
 Based on the earlier data on the average composition of coffee waste, a representative 
sample was prepared by mixing the presorted and ground CR waste components in a proportion 
equivalent to the respective weight fraction found in this material. The individually ground 
subcomponents of the CR-F3 waste are depicted in Figure 2.4-3. A batch of representative 
samples prepared by mixing ground individual subcomponents of the waste materials, shown in 
Figure 2.4-4, were micronized in a hammer mill into a fine fluff. The sample of the mixed 
micronized material is shown in Figure 2.4-4. This micronized sample was compacted in a die 
press without using any binder for conducting nonintrusive analysis (such as scanning electron 
microscopy–energy-dispersive spectrometry [SEM–EDS]). The fluff and pellets were subjected 
to ultimate, proximate, heating value, differential thermal, and/thermogravimetric analysis. 
Figure 2.4-5 shows the pellets formed for CR-F3.  
 
 CR-F3 is a large batch of material (1.3 tonnes, equivalent to the CR waste generated in a 
single day) that is a true representation of CR waste material. The determination of baseline 
composition of the fuel was critical in understanding not only the composition of the CR waste 
but also to compare and understand composition variations that can significantly impact the 
gasification process. Although the EERC system is capable of accepting these fuel variations, 
understanding them is critical in fine-tuning both the gasifier design and its operating 
characteristics. The baseline sample was prepared based on the average composition of sorted 
waste material from eight randomly chosen Super Sacks, totaling about 1.3 tonnes of CR-F3 
waste. The smaller-sized sample was then meticulously prepared for analysis as described 
earlier. This baseline material was called CR-F3-1. 
 
 Within the same batch of CR-F3 fuel, a different sample was extracted and prepared for 
analysis. This analysis was aimed at understanding the composition variation from the baseline, 
expected to occur because of inadequate fuel mixing during the pilot-scale and full-scale 
gasification of CR waste as a result of inherently vast fuel heterogeneity. The sample that was 
extracted and prepared for analysis was called CR-F3-2. The sample was extracted from a 
preground fuel prepared for gasification experiments. The description of the grinding process is 
published in the section entitled “CR Waste Preparation for Gasification Test” in the latter part 
of this report. Ten Super Sacks, totaling about 1.5 tonnes of waste material, were ground in the 
equipment. CR-F3-1 and CR-F3-2 pellets are depicted in the photo in Figure 2.4-6. As shown, 
the darker color of the CR-F3-2 pellet is the observable distinction in the fuel composition and 
expected deviation from the baseline fuel.  
 
 The proximate–ultimate analysis and heating value of the mixed-waste material were 
determined based on an ASTM International (ASTM) technique. Since the coffee was the largest 
fraction of waste material, a separate analysis of coffee (ground and beans) was conducted. The 
makeup of the main component of the CR waste is discussed in the following sections. 
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Figure 2.4-4. Ground subcomponents of segregated CR-F3 waste used for preparing micronized 

sample based on predetermined composition. 
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Figure 2.4-5. Micronized sample of CR-F3 material. 
 
 
 

 
 

Figure 2.4-6. Pellets of the CR-F3 wastes prepared from micronized samples a) prepared by 
mixing individual components of the CR waste based on predetermined composition (CR-F3-1) 

and b) prepared from the ground CR waste as received (CR-F3-2).  
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Coffee Composition  
 
 Roasted coffee is composed of carbohydrates (38%–42% dry basis), melanoidins (23%), 
lipids (11%–17%), protein (10%), minerals (4.5%–4.7%), chlorogenic acids (2.7%–3.1%), 
aliphatic acids (2.4%–2.5%), and caffeine (1.3%–2.4%). From the approximately 850 volatile 
compounds identified in roasted coffee, only around 40 contribute to the aroma (Belitz et al., 
2009). The melanoidins are dark brown- to black-colored natural condensation products of 
sugars and amino acids produced by nonenzymatic browning reactions called Maillard reactions 
(Plavsic et al., 2006). Chlorogenic acids are one of the phenols found in coffee. The impact of 
this unique and complex composition of the coffee is observed in the thermal analysis discussed 
in a later section.  
 

Mixed Paper Waste  
 
 The CR waste consists of high-ash paper, primarily consisting of waste coffee filter paper, 
label back paper, paper towels, cardboard, and a range of packaging waste paper. The paper is 
primarily composed of cellulose fibers of wood and additives such as clay that contribute to the 
high ash content. The label back papers consist of 15% ash. A separate analysis of the paper has 
not been conducted since the information about its fuel analysis and thermochemical 
decomposition is available in the open literature.  
 

Plastic Composition  
 
 A range of commonly used plastics was found in the CR waste material for which 
information was not available. The determination of the type of plastic was imperative to 
understand its emission potential in the gasification environment. The detailed analysis of the 
plastic components from CR-F3 waste was conducted based on physical observation of plastic 
material. The observations were based on information such as manufacturer plastic identification 
marks, matching of the plastic type with application, and comparison of physical properties such 
as color, elasticity, stiffness, and in some cases, by subjecting it to chemical analysis such as 
CHN and Cl determination. In some cases, SEM–EDS methods were applied to identify filler or 
promoter inorganics used in the plastic in order to relate to its ability to lead to emissions that 
need to be contained or would need a justification for permit application. 
 
 Based on this preliminary analysis, it was concluded that the CR plastic is not expected to 
contain chlorinated or nitrogen-containing plastics. The hair nets used by the operators in the 
coffee-processing plants are typically made of nylon 6, which contains nitrogen. This material 
was found to be less than 1 and is not a major source of nitrogen when compared to the total 
weight fraction of N- in the CR waste.  
 

Comparative Proximate–Ultimate and Heating Value of Coffee, CR Wastes, Pine 
Wood, Wood Charcoal, and Illinois No. 6 Coal  

 
 The proximate–ultimate and heating values of the fuels were determined using ASTM 
methods listed in Appendix A. As the coffee was the largest fraction of the waste material, a 
separate analysis of coffee (ground and beans) was conducted. 
 

http://en.wikipedia.org/wiki/Natural_phenol
http://en.wikipedia.org/wiki/Coffee
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 To better understand CR waste composition, a separate representative analysis of the paper 
and plastics (polycarbonate [PC], HDPE) were conducted separately. The CR-F3 waste is 
nitrogen-rich, owing to the presence of nitrogen-containing organic compound caffeine in coffee. 
A comparison of CR-F3 composition with pure coffee and other fuels previously tested in the 
gasifier, such as woody biomass and coals (Knight Hawk Coal – Illinois No. 6), was conducted. 
It was expected that the comparison would assist in relating to the existing gasification test data 
pertaining to the fate of nitrogen with coffee waste test data.  
 
 Table 2.4-3 shows side-by-side comparison of the proximate–ultimate and heating value of 
the coffee, mixed coffee waste, wood charcoal, pine wood, and Illinois coal. The data included 
are for the fuel on an “as-received” basis or on a moisture- and ash-free basis.  
 

Moisture and Ash Content in CR Fuels  
 
 It was observed that the moisture content of the coffee and CR-F3 ranges between 3.3% 
and 5.6%. It was, however, found that the moisture content of the ground material exposed to 
weather (covered under plastic tarp) significantly increased. The moisture fraction in the case of 
stored ground CR-F3 increased up to 30%. The gasifier was expected to handle this significant 
moisture variation.  
 
 The ash content of the CR fuels ranged from 3.1% to 5.6%. The ash content of the ground 
fuel was higher than pure coffee, indicating a significant contribution from the mixed paper and 
metals present in the waste. The detailed ash/inorganic composition analysis of the prepared CR 
waste was conducted and is presented in the section entitled “Inorganic or Ash Content of CR 
Wastes.” 
 

Nitrogen and Sulfur of CR Fuel  
 
 The contribution of the nitrogen fraction in CR waste was owing to the presence of a small 
fraction of nylon found in the waste stream. The ultimate analysis of the coffee presented in 
Table 2.4-3 shows that the coffee contained about 2.25% nitrogen. The mixed waste therefore 
had a high nitrogen fraction.  
 
 The sulfur content of the waste was comparable to woody biomass, and therefore, the 
expected concentration of H2S in the syngas was below 50 ppm. However, the inorganic content 
of the coffee, particularly alkali metal, played an important role in determining the release of 
sulfur species.  
 

Calorific Value (CV) of the CR Waste  
 
 The CV of the CR waste was higher than pure coffee or paper, as shown in Table 2.4-3. 
This is owing to the presence of plastics in the mixture. The CV of HDPE was 34.8 MJ/kg (or 
14,964 Btu/lb), which was one of the species of plastic present in the CR waste. The high-energy 
density of the fuel does not guarantee production of clean syngas; however, it can support 
achieving self-sustained gasification of the waste material.  
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Table 2.4-3. Proximate–Ultimate Analysis and Heating Value of Coffee, Mixed Coffee Waste, Pine Wood, Coal, and Oakwood 
Charcoal (AR: as-received basis, MF: moisture-free basis, MAF: moisture- and ash-free basis) 

Fuel Types Coffee CR-F3 Wood Charcoal 
Pine 

Wood 
Turkey 
Litter 

Cotton/ 
Paper 

Illinois 
No. 6 

Proximate  
 Analysis,  
 wt% 

AR MAF AR MAF AR MAF MAF MAF MF MAF 

Moisture  5.56 – 5.59  5.00  – –  – 
Volatile Matter  75.48 83.37 79.13 88.56 19.68 21.10 84.97 69.11 86.3 39.50 
Fixed Carbon 15.05 16.63 10.22 11.44 73.58 78.90 15.03 30.89 9.6 60.50 
Ash 3.91 – 5.05  1.74  – – 4.1 – 

Ultimate Analysis,  
 wt% 

 –         

Hydrogen  7.08 7.13 7.03 7.17 3.21 2.85 6.13 6.06 6.6 5.20 
Carbon 49.83 55.04 54.34 60.81 77.93 85.53 49.3 49.53 45.5 78.17 
Nitrogen 2.04 2.25 1.34 1.50 0.38 0.41 0.016 6.09 0.3 1.36 
Sulfur 0.14 0.15 0.11 0.12 0.01 0.01 0.22 1.23 <0.1 3.02 
Oxygen 37.00 35.42 32.13 30.40 16.73 13.20 44.19 37.09 47.5 12.25 

Heating Value,  
 MJ/kg  

21.57 23.83 24.04 26.91 28.74 34.18 19.12 19.29 17.10 31.34 

Btu/lb 9276 10,246 10,339 11,570 12,358 14,697 8223 8296 7353 13,477 
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Morphology Study of CR-F3 Material  
 
 SEM–EDS analysis of CR-F3 material was performed to provide quantitative data on the 
size and chemical composition of individual mineral occurrences and to determine the nature of 
the mineral–mineral associations. 
 
 Figure 2.4-7a and b shows the SEM images and lists the mineral composition at several 
points on the CR-F3-1 sample, as shown in Figure 2.4-7c and d (corresponding to Figure 2.4-7a 
and b, respectively). The analysis indicated the presence of trace to minor inorganic constituents 
Ca–K–Fe–Mg–Al–Si–Mn–Fe–Cu and their chlorides, phosphates, and sulfates.  
 

Inorganic or Ash Content of CR Wastes  
 
 The ash content of the CR waste was about 3.9% and 5.0% by weight, respectively, on an 
as-received basis. The ash composition is shown in Table 2.4-4 The CR-F3 was utilized for 
producing ash (following an ASTM standard) prescribed for the analysis. As shown, the ash 
largely constitutes compounds of calcium, phosphorus, silica, potassium, sodium, magnesium 
aluminum, and iron.  
 
 This analysis revealed that potassium constitutes the largest inorganic fraction of the CR-
F3 waste material. This is primarily due to the presence of a large fraction of coffee. This alkali 
concentration is one of the highest observed for the fuel expected to be gasified. This ash 
composition revealed that the fuel has the tendency to form clinkers under HT conversion 
processes, thus putting a restriction on the fuel conversion temperature. Low-temperature 
gasification is an ideal process; however, for an effective tar conversion, it becomes inevitable to 
augment gasifier operating temperature. The gasifier, therefore, faces the challenges of clinker 
formation and handling the corrosive attack of the HT alkali chloride.  
 
 
GASIFICATION EXPERIMENTS WITH CR WASTES  
 
 The CR waste gasification experiments were conducted in the EERC’s advanced FBG. A 
brief description of the gasifier system follows. 
 

Advanced FBG System Description  
 
 The gasifier design philosophy is based on the production of clean syngas with high 
conversion efficiency and achieving zero-effluent discharge from the overall system. The 
production of clean syngas is achieved by converting the complex organics in the hot zones of 
the gasifier. The zero-effluent discharge is achieved by recycling the trace amounts of 
unconverted organics in the syngas into the gasifier hot zones, such that syngas (composition) 
production is favored. 
 
 The main components of the gasifier system include a fixed-bed downdraft gasifier reactor, 
a fuel feed system, a syngas-scrubbing and polishing system, a syngas exhaust system, an 
auxiliary fuel feed system, a residue extraction system, an induced-draft (ID) fan, and an  
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Tag Al Si Cl Na Mg P S O K Ca Ti Mn Fe Cu 
1 86.15  4.20  6.46  0.00  1.01  0.88  0.33  0.30  0.00  0.00  0.00  0.00  0.00  0.67  
2 4.77  4.37  0.37  0.89  3.11  2.12  1.50  74.53  3.39  1.53  0.00  0.35  0.00  3.06  
3 2.65  8.76  0.00  0.00  1.15  1.09  0.87  72.27  3.67  7.66  0.00  0.00  0.00  1.88  
4 24.63  41.99  0.00  0.00  0.00  1.53  0.00  25.70  4.05  1.45  0.17  0.00  0.00  0.48  
5 1.10  0.89  0.00  0.48  1.23  0.28  0.17  72.01  0.45  23.13  0.00  0.00  0.00  0.26  
6 25.05  41.85  0.00  0.00  0.00  0.91  0.00  30.90  1.25  0.00  0.00  0.02  0.03  0.00  
7 2.39  2.14  0.14  0.64  1.68  0.90  1.27  80.75  6.08  1.95  0.35  0.38  0.00  1.33  
8 6.72  4.19  0.00  0.00  1.29  1.49  2.53  73.21  5.12  2.48  0.13  0.00  0.12  2.70  
9 10.30  27.06  0.00  0.06  1.77  1.66  0.07  47.20  6.45  1.32  0.66  0.21  1.14  2.10  
10 2.62  4.81  1.06  0.00  0.00  1.00  1.62  67.28  12.39  3.16  0.90  0.00  0.86  4.30  

(c) 
 

Tag Al Si Fe Na Mg O P S Cl K Ca Ti Mn Cu 
1 6.85  4.35  0.03  0.00  0.27  52.39  0.06  0.12  0.00  0.27  35.15  0.00  0.00  0.50  
2 8.45  3.81  0.00  0.00  0.49  41.16  0.21  0.00  0.00  0.00  45.88  0.00  0.00  0.00  
3 17.98  4.29  0.00  0.00  0.87  67.32  1.22  0.72  0.00  3.83  3.40  0.37  0.00  0.00  
4 82.36  3.83  10.41  0.00  0.14  0.52  0.00  0.00  2.75  0.00  0.00  0.00  0.00  0.00  
5 87.62  4.91  0.00  0.00  0.30  0.80  0.79  0.36  4.97  0.00  0.00  0.00  0.00  0.24  
6 88.29  4.75  0.30  0.00  0.00  1.51  0.33  0.56  4.25  0.00  0.00  0.00  0.00  0.00  
7 87.37  5.46  0.04  0.00  0.10  1.37  0.39  0.20  4.77  0.00  0.00  0.00  0.00  0.31  
8 8.36  0.87  0.13  0.00  5.65  54.42  13.63  0.95  0.00  10.70  4.53  0.19  0.00  0.58  
9 9.89  1.85  0.65  0.00  1.54  70.18  0.38  1.24  0.00  13.50  0.65  0.10  0.04  0.00  
10 20.81  2.97  0.00  0.00  0.74  51.52  1.42  1.55  4.44  14.83  1.50  0.00  0.21  0.00  

(d) 
 

Figure 2.4-7. a and b) SEM images of CR-F3-1 showing mineral composition at  
ten distinct point locations, c) shows the mineral composition at locations in 7a, and d) the 

mineral compositions at locations in 7b. Composition is expressed as wt%.  
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Table 2.4-4. Inorganic Composition of  
CR-F3 
Elements 

 Si 11.4 
Al 6.9 
Fe 1.6 
Ti 3.3 
P 6.8 
Ca 7.9 
Mg 7.2 
Na 0.9 
K 54.2 

Oxides 
 SiO2 16.3 

Al2O3 8.7 
Fe2O3 1.5 
TiO2 3.6 
P2O5 10.3 
CaO 7.4 
MgO 8.0 
Na2O 0.8 
K2O 43.5 

 
 
instrumentation and control system. The process flow diagram of the pilot gasification system is 
shown in Figure 2.4-8, and a photograph of the system is shown in Figure 2.4-9. A  
3-D representation of the gasifier is shown in Figure 2.4-10. The system is classified as Class 1, 
Division 2, Group B for the operation of electrical components in explosive gas environments. 
 
 Chipped fuels are screw-fed from the top of the gasifier through an inclined feeder system, 
as shown in Figures 2.4-8 and 2.4-9. The syngas is removed from the reactor outlet at the bottom 
of the gasifier. The nominal throughput of the biomass is 33 lb/hr; however, maximum capacity 
can reach 66 lb/hr, depending on the type and size of the fuel and its reactivity. The fuel hopper 
can store about 200 lb of biomass or 400 lb of coal. Since the CR fuel includes coffee fines, it 
was found more effective to feed through a horizontal auger, as shown in Figure 2.4-11. The 
gasification air is injected from the top of the gasifier under the suction caused by the ID fan 
located downstream of the syngas scrubber system. The fuel bed is ignited with the help of a hot-
air generator, which is specially adapted for the system. After ignition, the reaction front 
propagates and attains the steady-state exothermic heat profile necessary for maintaining 
gasification reactions. Steady-state gasification can be achieved within 30 min of ignition, 
depending on the fuel moisture content and fuel reactivity. Specially designed vertical augers are 
used to extract solid residue and provide the added function of supporting the bed. 



 

 
 

2.4-17 

 

 
 

Figure 2.4-8. General process flow diagram of the advanced pilot plant gasifier. 
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Figure 2.4-9. Photographs of commissioned advanced FBG pilot plant. 
 
 



 

2.4-19 

 
 

 
Figure 2.4-10. 3-D view of the pilot plant gasifier. 

 
 

CR Waste Preparation for Gasification Test  
 
 As discussed earlier, CR waste was a heterogeneous mixture of at least 25 different 
components of different shape factors, packing density, and composition. The CR-F3-1 was a 
baseline fuel composition prepared by mixing sorted and ground wastes in the predetermined 
fractions. In this waste mixture, all fuel components were ground prior to mixing. About  
1.3 tonnes of fuel was available for gasification. Figure 2.4-12 shows a) the rotary mixture 
utilized in mixing CR-F3 waste, b) a sample of the sorted empty coffee bags, and c) the feeding 
operation. 
 
 Clean syngas is produced in the hot zone of the gasifier by staging the oxidizer to combine 
devolatilization, partial oxidation, and reduction reactions. The reactor geometry in the upper 
zone of the gasifier is designed to allow a smooth flow of the chipped fuel and gasification air. 
The air injection occurs in this zone. The air injection is balanced by forced-draft and ID fans 
such that the overall gasifier operating pressure is maintained slightly below atmospheric 
pressure. The ID fan located downstream of the syngas cleanup system is sized to overcome the 
system pressure drop (of about 30–40 in.W.C.) at a rated flow rate. The pressure sensor at the 
inlet controls the forced-draft fan used for injecting gasification air through a preheater. To 
improve the conversion and thermodynamic efficiency of the system, extractable sensible heat 
from the syngas is recycled back into the gasifier by using gasification air as a heat carrier fluid. 
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Figure 2.4-11. CR waste feed system: a) horizontal feed system depicting top injection, 
b) CR-F3-1 fuel-loading process during gasification test runs, and c) fuel transport out of auger 

of horizontal feeder.  
 
 
 In order to achieve zero-effluent discharge and improve the composition of syngas, the 
effluent from the scrubber section is injected into the gasifier. The condensed tar and particulate 
matter (PM) along with a small fraction of water are injected in the reactor hot bed such that the 
hydrodynamics of the reactor temperature profile are not affected. The inert inorganic residue 
removed from the gasifier is the only disposable material generated from the system. 
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Figure 2.4-12. Preparation of CR-F3 baseline fuel: a) rotary mixture in operation, b) sample of 
sorted material: empty coffee bags, c) feeding into the gasifier using the horizontal feed hopper. 

 
 
 Syngas, after exiting the reactor, is scrubbed in a two-stage water scrubber and syngas 
polisher. The first section cools the hot syngas and removes the condensable tars. The second 
stage effectively scrubs the remaining tars, which are typically formed only under high-tar-
loading conditions attained during severe conditions such as high throughput or high fines 
loading. The final syngas polisher removes carryover tar with a liquid solvent. This syngas-
polishing system can be bypassed, depending on the syngas quality required. Both scrubbing 
systems are closed-looped in order to facilitate the determination of the condensable and soluble 
organic and inorganic components of the syngas. 
 
 The flow rate of the syngas and gasification air are measured using orifice flowmeters. The 
syngas flowmeter is located downstream of the blower; the gasification injection air is measured 
upstream of the gasifier. 
 
 The clean syngas is routed through the enclosed combustor and flared at an elevation of  
16 ft from the roof height. The flare in the pilot system has a hot-surface igniter; the combustion 
air is induced by the ejector effect caused by the flow of syngas. A gas-sampling port is available 
for determining flare emissions. 
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 The clean syngas composition is determined using an online gas analyzer capable of 
measuring CO, CO2, O2, N2, H2, CH4, and higher hydrocarbons. A quasi-online gas 
chromatograph (GC) is used for determining trace hydrocarbon gases in the syngas. Additional 
sample ports are available for conducting isokinetic sampling of syngas to measure tar and PM 
according to the modified European tar protocol (IEA Thermal Gasification of Biomass Task, 
1998) and U.S. Environmental Protection Agency (EPA) Method 5. These samples can be 
obtained from the syngas both before and after syngas cleanup unit operations.  
 
 The bed and syngas temperatures are measured at several locations to provide both process 
control and operational monitoring. 
 
 As shown in Figure 2.4-13, the ground and mixed CR-F3 material is collected in a front 
loader. The material is loaded into 1000-lb Super Sacks for storage or for feeding into the 
horizontal feed hopper of the gasifier.  
 

Gasification Experiments  
 
 The EERC conducted a total of nine experiments to develop a preliminary understanding 
of the gasification features of the CR waste material. These experiments were conducted to 
arrive at a preliminary understanding of the gasification process fine-tuning in order to utilize the 
fuel for a desired syngas application. The typical duration of the experiment was about 8 hr 
(single shift) and was aimed at characterizing the gasification of the complex fuel and 
determining parameters critical for producing clean syngas at the gasifier outlet—a simplified 
approach to developing a reliable system. Of these preliminary sets of experiments, two 
experiments were conducted to understand the gasification of features of pure coffee, four 
experiments were conducted on the baseline fuel CR-F3-1, and three experiments were 
conducted on the CR- F3-2 fuel. The purpose of the individual tests is listed in of Table 2.4-5. 
 
 The following section provides the summary of the selected gasification tests that helped in 
understanding fuel performance, with the primary focus on the tar and particulate level in the 
syngas and the required test conditions needed to reduce the concentration.  
 

Experimental Procedure  
 
 The experimental procedure is detailed in the following four steps. 
 

Step 1: Preparation Start-Up Process  
 
 During this step, the cold gasifier and feed system are filled with a predetermined weight 
of charcoal and fuel in the hopper. The charcoal is typically consumed during the reactor heat-up 
stage, followed by cold ignition. Prior to ignition, the water scrubber is started, and the gasifier 
air inlet valve is opened. As a standard procedure, the solvent-polishing system is made 
operational; however, the gas is bypassed during the transition until the oxygen concentration is 
below 2%. If the solvent is water, bypass is not required. The bypass valve is opened, and the  
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Figure 2.4-13. Ground and mixed CR-F3 material, ready for loading into Super Sacks for storage 
or loading into the horizontal feed hopper of the gasifier for gasification testing.  

 
 
polisher valve is kept closed. At this point, the system is ready for ID fan start-up. The 
computerized control system is fully functional at this point in time.  
 

Step 2: Ignition  
 
 The flare igniter is switched on prior to gasifier ignition. At this point in time, the hot-air 
igniter is switched on, and within a minute, the fuel bed is ignited, raising the temperature. The 
ignition system is switched off at this point. The reaction zone spreads throughout the bed. 
Within 5–10 min, the gas is ignitable and flaming initiates in the flare. Because of thermal 
inertia, it is possible to achieve ignition without going through the standard procedure if 
reignition occurs within 16 hr of gasifier shutdown. This soft ignition in larger systems is 
possible within a few days or a week.   
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Table 2.4-5. Test Fuel and Specific Purpose of the Gasification Test Conducted on CR 
Wastes 
Test Number Fuel Utilized Purpose of the Test 
CR No. 1 Coffee beans Self-sustained gasification; understand fate of nitrogen (NH3, HCN), 

sulfur, alkali emissions; understand feeding issues  
CR No. 2 CR-F3-1 Self-sustained gasification; understand fate of nitrogen, sulfur, alkali 

emissions; testing of new feeding device; generate water sample 
for third-party lab analysis for obtaining permit to conduct future 
test runs – Water Analysis No. 1  

CR No. 3 CR-F3-1 Self-sustained gasification; steady-state tar and particulate analysis; 
low-bed-temperature test 

CR No. 4 CR-F3-1 Self-sustained gasification; low-bed-temperature test; steady-state 
syngas composition data generation for Cummins Energy 
Solutions Business (ESB) analysis  

CR No. 5 CR-F3-1 Repetition of above test conditions; improve gasification bed 
temperature  

CR No. 6 CR-F3-2 Repetition of above test conditions; improve gasification bed 
temperature; steady-state tar and particulate analysis; 
understanding feeding issues with new material 

CR No. 7 CR-F3-2 Repetition of above test conditions; improve gasification bed 
temperature; steady-state tar and particulate analysis; 
understanding feeding issues with new material 

CR No. 8 CR-F3-2 Self-sustained gasification; generate water sample for third-party lab 
analysis; Water Analysis No. 2 under new test condition; 
understand fate of nitrogen, sulfur, alkali emissions with petcoke 
and wood charcoal as bed material 

CR No. 9 CR-F3-2 Self-sustained gasification; charcoal and petcoke bed material 
efficiency test, demonstration Wynntryst; steady-state tar and 
particulate analysis  

CR No. 10 Roasted coffee Self-sustained gasification; understand fate of nitrogen, sulfur, alkali 
emissions; steady-state tar and particulate analysis; char formation 
to maintaining steady bed level  

 
 

Step 3: Steady-State Operation  
 
 Steady-state operation is achieved once the operational bed temperature is reached, and the 
fuel injection takes place at a regular interval. The current system is designed to respond quickly 
such that the effect of parametric variation on the syngas composition is determined within a 
short interval. Because of thermal inertia, steady state can be easily achieved within  
10 min even if system shutdown occurred several hours earlier.  
 

Step 4: Shutdown  
 
 Complete system shutdown can be achieved within an hour of closing the air injection 
valve. Residual gases, however, must be pumped from the bed for an extended period. This can 
be achieved by the operating ejector after the blower is shut down. 
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Tar and Particulate Measurement 
 
 One of the important performance characteristics of the gasifier is determined by 
quantifying the tar and PM in the syngas. The condensable tars are typically heavier than 
benzene and are considered problematic in applications such as power generation, particularly 
using an internal combustion engine (gas turbines and also fuel cells) for distributed application. 
Toluene and xylenes could be considered to be engine performance enhancers; however, the 
engine manufacturers have yet to characterize the engine performance as a function of the effect 
of these components. Similarly, the effect of heavier components in the catalytic synthesis of 
Fischer–Tropsch liquids or methanol is not clearly understood. It is, however, important that the 
gasifier achieves organic conversion as high as possible. 
 
 A low concentration of gaseous hydrocarbons in syngas is a qualitative indication of the 
presence of low contaminants (tar and PM) in the syngas. In practical applications, tar and PM 
are not determined. In an effort to evaluate the gasifier’s ability to minimize production of these 
contaminants as well as the capability of the scrubber system to effectively remove them from 
the syngas, tar and particulates were measured during the gasification of coals and the baseline 
test fuel, railroad ties.  
 
 Elaborate tar- and particulate-sampling and analysis procedures have been developed and 
implemented. A general outline of the procedures is found in the European Tar Protocol (IEA 
Thermal Gasification of Biomass Task, 1998). Figure 2.4-14 depicts the tar- and particulate-
sampling system in the pilot plant gasifier. Tar and PM concentrations in the hot (unscrubbed 
gas) and cold syngas were measured to determine the effectiveness of the upstream scrubber 
system. The syngas was isokinetically sampled and passed through heated thimbles (see  
Figure 2.4-14, Module 2) used for capturing particulate. The tar-laden syngas was passed 
through a series of impinger bottles (Modules 3 and 4) filled with dichloromethane (DCM) in 
which the tar is captured by dissolution. DCM is an excellent solvent for capturing and analyzing 
tar by GC techniques. Gravimetric tar determination was achieved by direct speciation and 
quantification of the hydrocarbon. This technique is found to be more accurate in conducting 
gravimetric analysis when compared with other techniques involving solvent evaporation. 

 
 The total volume of sampled syngas was measured using a gas flowmeter in Module 5. 
This module consists of a pump, rotameter, gas flowmeter, stainless steel needle and ball valves, 
and pressure and temperature indicators to accurately determine the sample gas volume. The gas 
leaving Module 5 is then vented to the flare. 
 

Ignition with Wood Charcoal 
 
 During gasifier start-up, charcoal was used as the bed fuel for ignition and reactor heat-up. 
Data were collected during start-up and, for a short period of time, at steady-state operation. The 
results of the charcoal ignition test are presented in order to compare the variations in gas 
composition and bed temperature observed during CR-F3 gasification. The test results shown in 
Figure 2.4-15 depict bed temperature, syngas composition, and flare temperature vs. time 
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Figure 2.4-14. Tar- and particulate-sampling system utilized for CR No. 3 test. 
 
 
profiles, indicating self-sustained bed and flare ignition points. Within the first 5 min, all three 
phases of charcoal gasification (ignition, devolatilization, and gasification) are initiated, and 
combustible gases capable of achieving sustained flare combustion are produced. In this CR fuel 
experiment, the flare ignition after charcoal bed ignition was shown to have occurred within first 
3 min of operation. Beyond this point, as shown in Figure 2.4-15, the bed temperature increased 
as the reaction front expanded such that the syngas composition improved, consequently 
increasing the flare temperature. The advanced FBG flare achieved sustained combustion on 
pure syngas produced in the gasifier and did not require auxiliary fuel support. The short ignition 
delay of the flare system is important in case of a commercial, full-scale system start-up, because 
of the restrictions pertaining to allowable permit levels of criteria pollutants such as CO and 
sulfur gases during preflare ignition condition. The results also demonstrate the ability of the 
advanced FBG to achieve quick cold start-up, resulting in highly desirable operational flexibility, 
particularly in the case of distributed gasification systems.  
 
 Soon after ignition, the gasifier approaches the steady-state bed temperature profile. At this 
point, the oxygen concentration decreases to near 0%, which also marks the end of transition. 
The concentration of combustible syngas species (H2, CO, and CH4) increases and attains a 
steady state specific to charcoal gasification. The exothermic heat profile resulting from charcoal 
gasification helps attain the required bed temperature prior to CR injection. Since the char 
contains volatiles during the initial gasification phase, the concentration of H2 and CH4 species 
attains peak values. In this batch mode charcoal gasification experiment, the fuel volatiles 
deplete rapidly, resulting in reduced H2 and CH4 concentrations. Subsequent carbon gasification 
results in an increase in CO concentration, peaking at about 21%, depending on the char and its 
reactivity. The CO2 concentration decreases as a combined effect of volatile depletion from the  
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Figure 2.4-15. Charcoal gasification test results depicting syngas composition and bed 
temperature variation with time obtained during ignition, devolatilization, and carbon steady- 

state gasification. 
 
 
charcoal as well as improved Boudouard reaction as an effect of increase in bed temperature. 
Typically, at the point where the CO/CO2 concentration ratio peaks while CH4 reduces to a near-
zero value, the intended fuel (in the present effort, CR-F3) is injected. The char formed from the 
original fuel fed replaces the start-up charcoal such that the syngas composition is primarily a 
contribution of the main gasification fuel. As it was observed, the CO/CO2 ratio greater than  
10 obtained in the gasifier is attributed to the ability of the gasifier to maintain bed temperature 
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profiles such that near-complete conversion of carbon is possible under self-sustained (without 
external heating) gasifier operation. 
 

Gasification of CR-F3-1  
 

The EERC conducted a preliminary experimental study on this waste material to determine 
the required operating parameters (air injection rate, gas production rate, bed temperature), gas 
composition, trace gas contaminants (particularly tar and PM), and trace sulfur species, primarily 
H2S. 

 
Unlike coal, CR waste is a complex material and has not been extensively studied as a 

feedstock for large-scale gasifiers. It was also determined that there are no reports or information 
pertaining to fixed-bed gasification of CR or similar waste available in the open literature. The 
focus of this effort was to determine an understanding of the gasification feature of the waste 
material and determine tar and PM concentration of the syngas in the EERC’s advanced FBG.  
 

Experiment CR No. 3 – Tar and Particulate Concentration at 750°C  
 
 Figure 2.4-16 shows an example of the typical time history of the bed temperature, syngas 
composition, and flow rate recorded to facilitate simultaneous review of the gasifier operating 
conditions under different syngas production regimes. The rectangle depicted on the result plot 
of bed temperature and syngas composition vs. time plot shows the duration of the syngas- 
sampling procedure conducted for determining the concentration of tar and PM in the raw or hot 
or uncleaned syngas. The significance of this representation is to relate the gasifier operating 
condition with the concentrations of contaminant production. In addition to the logged data, the 
photographic observations of the physical events supported postmeasurement evaluations of the 
gasification process.  
 
 Considering the relatively high energy content of the CR waste material (see Table 2.4-2) 
as well as the presence of a high fraction of potassium in the inorganic composition (see  
Figure 2.4-7a and b), the gasifier operating conditions were adjusted to limit the bed temperature 
such that ash agglomeration would be avoided. These conditions were aimed at limiting the 
temperature within the operational limit of the gasifier material. The higher bed temperatures 
were avoided by lowering gasifier operating mass flux achieved through reducing the air 
injection rate controlled by the blower operation. As shown in Figure 2.4-16, the gasifier bed 
temperatures were maintained below 800°C. The thick curve of bed temperature located at the 
reactor inlet is marked by TR4, and that located near the gasifier end is marked by TR15. The 
temperature at different axial locations between TR4 and TR15 included temperatures in the 
uniquely located oxidation and reduction zones of the gasifier. Except for TR8 and TR9, which 
represented the outside wall temperatures, the temperature at most axial locations between the 
two ends fell in a narrow temperature zone ranging between 500° and 750°C. The outlet syngas 
temperature was about 600°C. This signifies that the gasifier maintains a fairly uniform HT zone 
through its reacting packed bed, and the syngas temperature was within the reasonable limits for 
achieving tar cracking as observed in the case of coal and railroad tie gasification processes. This 
is a critical requirement for attaining a low-tar syngas.  
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Figure 2.4-16. Bed temperature, syngas composition, and syngas flow rate vs. time history 
recorded during the CR No. 3 test. The rectangle on the temperature and syngas plot shows the 

point of time the tar and particulate sampling was conducted.  
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 Of the two major contributing factors responsible for the tar production, the fuel-specific 
characteristic devolatilization rate plays a significant role in determining the tar concentration in 
the syngas. As was discussed earlier, as more than half of the waste was coffee, the CR waste 
devolatilizes at a comparatively faster rate as compared to woody biomass, coal, or pure plastics, 
which have higher decomposition rates than coffee. The earlier efforts pertaining to 
understanding these rates in the case of known fuels have been inadequate in providing a basic 
understanding associated with the CR waste devolatilization rate. The approach taken is to 
experimentally determine the resulting effects of the assumable high heating rate of the CR waste 
in the gasifier condition. Figure 2.4-17 depicts photographs of the top surface of the gasifier bed 
taken at an interval of 1 sec. Typically in the downdraft gasifier, when the fuel is injected from 
the gasifier top and when the reaction front is stabilized deeper in the bed, the surface remains 
inactive. However, as shown in Figure 2.4-17, the fuel devolatilization rate is high such that the 
devolatilized product ignites into diffusion flames within 1 sec just above the fuel bed surface 
under flowing hot gasification air conditions. These physical observations through photographic 
technique were recorded during ongoing tar and particulate measurement in the CR No. 3 
experiment in order to understand the impact of CR fuel characteristic thermal behavior. It is 
understood that without adequate volatile cracking, the syngas tar levels could be significantly 
higher, even in very well-designed downdraft gasifiers.  
 
 The average syngas composition during the tar measurement revealed species composition 
as CO: 11.3%, CO2: 10.8%, CH4: 1.39%, H2: 6.2%, O2: 0.24%, and remaining N2. The-low-
calorific-value syngas was an indication of inadequate volatile cracking and the possibility of 
higher tar concentration. The measured HCN concentration was 2.5 ppm, while NH3 and HCl 
concentrations were near 0 ppm.  
 

 
 

Figure 2.4-17. Photographs at a 1-sec interval, indicating qualitative observation pertaining to the 
effect of the high heating rate of the injected fuel particles on the devolution rate causing surface 
ignition of excessive devolatilized products above the surface of the fuel bed recorded during the 

tar and particulate measurement event of the CR No. 3 experiment.  
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CR No. 3 Tar and Particulate Concentration 
 
 Table 2.4-6 shows the summary of tar and PM measured during the CR  
No. 3 gasification test for CR-F3-1. The outcome of the IEA Thermal Gasification of Biomass 
Task meeting between the European Union and the U.S. Department of Energy led to the 
definition of tar as “all organics boiling at temperatures above that of benzene should be 
considered as ‘tar’” (IEA Thermal Gasification of Biomass Task, 1998). 
 

As was shown in Figure 2.4-14, the gas was sampled from the location upstream of the 
syngas-scrubbing system or from the hot side (uncleaned syngas). The optimized gasifier 
operation, with higher uniform bed temperatures, produced a syngas with tar concentrations of 
822 and 44 mg/m3, respectively, for railroad ties and Powder River Basin (PRB) coal. In the case 
of CR waste gasification, the measured tar and PM were 4592 and 859.2 mg/m3, respectively. 
This tar concentration is about 5.6 and 18.7 times higher than railroad ties and PRB coal fuels. 
Considering that the creosote in the railroad ties is a refractory tar and is difficult to convert, the 
tar concentration was considerably lower for the complex fuel. The same is true for the PRB 
coal.  
 

High-Bed-Temperature Test – CR No. 4 Experiment  
 
 This experiment was conducted to understand the impact of operating the gasifier at a 
temperature higher than that maintained in the CR No. 3 gasification experiment, with the goal 
of improving syngas composition. The syngas data were provided to Cummins ESB for a 
comparative analysis for operating the engine on syngas and expected emissions from the engine. 
Figure 2.4-18 shows bed temperature, syngas composition, and syngas flow rate vs. time history 
recorded during CR No. 4. In contrast to the CR No. 3 experiment, the bed temperature at all 
axial locations of the gasifier ranged between 700° and 850°C, and the average syngas exit 
temperature was maintained was 750°C. Table 2.4-7 shows the average syngas composition and 
the calorific value of the syngas.  
 
 The average measured syngas flow rate was 38.5–40 scfm, and the flow rate remained 
fairly constant during the course of the experiment. It was found that small-sized clinkers formed 
in the bed; this, however, did not affect the normal operation of the gasifier or syngas flow rate.  
 
 
Table 2.4-6. Summary of the Gravimetric Analysis of Tar (heavier than benzene) and PM 
Sampled from Hot Side – CR-F3-1, Coal and Railroad Tie Gasification Test CR No. 3 

Test Fuel 

Contaminants 
Total Flow 

Syngas 
Volume, Nm3 

Concentrations in 
Producer Gas 

Particulate 
Filters, mg 

Tar Heavier 
than Benzene, 

mg 
Particulate, 

mg/Nm3 
Tars, 

mg/Nm3 
CR-F3-1 464 2480 0.54 859.2 4592 
Railroad 
Ties 230 534 0.65 353.3 822 

PRB Coal 88 24.6 0.56 157 44 
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Figure 2.4-18. Bed temperature, syngas composition, and syngas flow rate vs. time history 
recorded during the CR No. 4 experiment. 

 
 
Table 2.4-7. Average Composition and Calorific Value for CR No. 4  
CO, % CO2, % CH4, % H2, % C2H4, % C2H6, % C3H6, % N2, % Btu/ft3 
21.56 6.55 1.26 10.21 0.57 0.05 0.06 59.74 131.39 
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As observed, the calorific value of the syngas averaged 131 Btu/ft3, and the syngas was carbon 
monoxide-rich, which is more desirable for engine operation than the hydrogen-rich gas. The 
gasifier has an ability to adjust the H2/CO ratio. In the current test, adjustments were not made to 
fine-tune syngas composition, and it was concluded that the typical syngas of the CR waste is 
CO-rich.  
 
 The syngas composition vs. time history shows that the curves for CH4 and higher 
hydrocarbons (CxHx) closely follow. A deliberate increase in the injection rate of the CR waste 
showed an immediate increase in CH4 as well as CxHx concentration (see concentration vs. time 
history between 14:23 and 15:23 as shown in Figure 2.4-18). As discussed earlier, the effect is 
due to the unique feature associated with the CR waste decomposition and resulting in the 
increase in the volatile mass flux leaving the gasifier unconverted or partially converted in spite 
of the high-temperature conditions. This observation leads to an inference that higher CH4 
concentration in the syngas is a qualitative indication of the presence of a higher tar fraction in 
the syngas.  
 
 As shown in Figure 2.4-18, the composition variation that appears is due to low-stability 
organic compounds being gasified. Although this fluctuation can be dampened upstream of the 
syngas engine, understanding this feature associated with CR waste has helped to understand the 
fine-tuning requirement of the gasifier design. These modifications will be implemented in  
Phase II of the CR project.  
 

Tar and PM at HT Test Conditions – CR No. 6  
 
 The primary goal of the test was to determine the tar and PM concentration in the syngas at 
repeated HT test conditions of the CR No. 4 test. The fuel utilized in the test is shown in  
Figure 2.4-13. The test results are plotted with respect to time in Figure 2.4-19. The syngas flow 
rate maintained was about 30 scfm. The average bed temperature maintained was 800°C. As 
seen, the CH4 variation was very insignificant, and this was maintained by maintaining a uniform 
CR waste injection rate. A uniform bed depth was maintained in order to avoid changes in the 
steady state. The gasifier maintained a long, uniform temperature zone in order to achieve the 
highest tar conversion in the gasifier bed. The average syngas composition is shown in  
Table 2.4-8. Figure 2.4-20 shows that the devolatilization of fuel injected in the flame signifies a 
positive high rate of fuel decomposition, as discussed earlier. 
 

CR No. 6 Tar and Particulate Concentration  
 

Table 2.4-9 shows the summary of tar and PM measured during the CR No. 6 gasification 
test for CR-F3-2. As shown in Figure 2.4-14, the syngas was sampled prior to the syngas-
scrubbing system or from the hot side (uncleaned syngas). The optimized gasifier operation with 
higher uniform bed temperatures produced a syngas with tar concentrations lower than the CR 
No. 3 experiment. The measured tar and PM were 410 and 705.6 mg/m3, respectively.  
Figure 2.4-21 shows postsampling photos of impinger bottles containing a mixture of tar and 
solvent (DCM) and quartz filters coated with sticky PM. This tar concentration is an order of 
magniture lower than that measured in the previous low-bed-temperature test, CR No. 3. The PM  
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Figure 2.4-19. Bed temperature, syngas composition, and syngas flow rate vs. time history 
recorded during CR No. 6.  

 
 
 



 

2.4-35 

Table 2.4-8. Average Composition for the CR No. 6 Test  
CO, % CO2, % CH4, % H2, % CxHx N2, % 
18.7 8.2 0.8 13.2 0.3 58.8 

 
 

 
 

Figure 2.4-20. CR-F3-2 injection during Gasification Test CR No. 6. The photo was recorded at 
13:26 during the tar- and particulate-sampling experiment.  

 
 
Table 2.4-9. Summary of the Gravimetric Analysis of Tar (heavier than benzene) and PM 
Sampled from Hot Side – CR-F3-2, Gasification Experimental CR No. 6 

Test Fuel 

Contaminants 
Total Flow 

Syngas 
Volume, Nm3 

Concentrations in 
Producer Gas 

Particulate 
Filters, mg 

Tar Heavier 
than Benzene, 

mg 
Particulate, 

mg/Nm3 
Tars, 

mg/Nm3 
CR-F3-1 374 217.8 0.53 705.6 410 

 
 
concentration was also lower by about 150 mg/m3. This showed that the increase in bed 
temperature does not have any significant impact on the PM concentration in the syngas. Further 
understanding pertaining to the inorganic composition of the PM is required to understand the 
fate of inorganic material. The results of this study are presented in a later section. Although 
these results are encouraging, further reliability tests are required to establish the repeatability of 
the results during a long-duration test regime. These tests are planned for a Phase II technology 
demostration project.  
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Figure 2.4-21. Postsampling photos of the apparatus: a) impinger bottles used in sampling 
experiment CR No. 6 filled with a liquid mixture of DMC (solvent) and sampled tar and 

condensed water and b) quartz filters loaded with PM, along with the filter holder removed from 
the heated filter housing.  

 
 

During this test, it was ensured that the bed depth was maintained throughout the 
experiment such that the carbon bed helped in maintaining thermal inertia and the exothermic 
heat profile necessary to ensure volatile cracking, particularly when the devolatilization rate was 
found to be higher such that excessive volatile flux required cracking. The bed depth was 
maintained by adding wood charcoal in the bed soon after preliminary gasifier bed ignition and 
the heating phase with wood charcoal was completed. Typically, fixed carbon of the gasification 
feedstock forms the char bed; however, in the CR fuels, because of the higher volatile content of 
the fuel, the supporting carbon bed necessary to reduce tar levels in the syngas was inadequate. 
At the cost of design simplicity of the fixed bed, an alternate gasifier design or major 
modification to the fixed-bed design could be undertaken to achieve the desired tar reduction in 
the case of CR waste. To avoid any major deviation from the proposed FBG design and to keep 
the developmental efforts as minimal possible, the immediate alternative found was to utilize 
auxiliary fuel that could provide a long-lasting carbon bed. Adding less than 10% (of waste 
throughput) wood charcoal intermittently to the bed on an as-required basis was found to be 
adequate (at an average of 2.5 to 3.5 lb/hr for CR throughput of 35–40 lb/hr continuous).  
 
 Table 2.4-10 shows the average syngas composition for the CR No. 9 test during tar and 
PM sampling. As seen, the CxHx concentration is higher than CH4. The water concentration in 
the hot syngas was determined based on the condensed water in the impinger bottles collected as 
part of the tar-sampling procedure. Based on this technique, water concentration determined for 
the CR No. 9 test was 19.1 g/m3. In spite of the moisture content of the CR-F3-2 used in the 
experiment, at 25%, the syngas appeared to be dry, indicating a good conversion of moisture in 
the hot bed. The measurement was substantiated by the increased water level in the water tank. 
Long-duration (24-hr) tests are critical for more representative and accurate mass balance.  
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Table 2.4-10. Summary of the Gravimetric Analysis of Tar (heavier than benzene) and 
PM Sampled from Hot Side – CR-F3-2, Gasification – CR No. 9 

Test Fuel 

Contaminants 
Total Flow 

Syngas 
Volume, Nm3 

Concentrations in 
Producer Gas 

Particulate 
Filters, mg 

Tar Heavier 
than Benzene, 

mg 
Particulate, 

mg/Nm3 
Tars, 

mg/Nm3 
CR-F3-2 441 530.6 0.508 868.1 1044.5 

 
 

Experiment CR No. 10 – Gasification of Pure Waste Coffee  
 

Coffee is the largest fraction of the CR waste. Since it is a low-stability, complex organic 
material, understanding its gasification features was important. Also, the auxiliary bed 
requirement can be avoided by substituting it with the char formed by the coffee in the gasifier. 
The goal of the CR No. 10 test was to understand the performance of roasted coffee waste as 
gasification feedstock. Understanding the in situ tar reduction ability of the coffee char was also 
required. The experiment consumed 182 lb of roasted ground coffee waste and about 56 lb of 
start-up charcoal. Figure 2.4-22 shows a photo of the syngas diffusion flame protruding from the 
flare.  
 
 Figure 2.4-23 shows bed temperature, syngas composition, and syngas flow rate vs. time 
history recorded during CR No. 10. Table 2.4-11 shows the average composition of dry syngas 
recorded for the CR No. 10 test during tar and PM sampling. 
 
 As shown, the CxHx concentration is higher than CH4. The self-sustained bed temperature 
ranged between 500° and 750°C at different axial locations. Further gasifier design optimization 
and implementation were found to be critical in improving the operating temperature of pure 
coffee. The suspected agglomeration of the bed owing to the large alkali content of the fuel was 
not observed. The syngas flow rate, therefore, remained constant, as can be seen in Figure 2.4-
23. The self-sustained flare temperature also remained fairly constant.  
 
 
 Table 2.4-12 summarizes the gravimetric analysis of tar (heavier than benzene) and PM 
sampled from the raw syngas. The tar and PM concentrations were 934.6 and 1192 mg/m3, 
respectively. The measured tar concentration was higher than the CR No. 6 test. This is attributed 
to the relatively low stability of the organics in the coffee, as discussed earlier. As compared to 
the CR No. 3 experiment, the tar was 4.9 times lower while the PM was higher as compared to 
that for the mixed CR-F3 waste. Figure 2.4-24 shows the thimble filters from the CR No. 9 and 
CR No. 10 tests. The intense dark color of the CR No. 9 test filter is primarily due to submicron-
sized soot particles, while the light color of the CR No. 10 test filter shows the lower soot 
concentration of higher-alkali salts. 
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Figure 2.4-22. Syngas diffusion flame protruding from the flare.  
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Figure 2.4-23. Bed temperature, syngas composition, and syngas flow rate vs. time history 
recorded during the CR No. 10 testing.  
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Table 2.4-11. Average Composition for CR  
No. 10 Test During Tar and PM Sampling 
CO, % CO2, % CH4, % H2, % CxHx N2, % 
18.7 10.2 1.6 14.7 3.1 53.3 

 
 

 
 

Figure 2.4-24. Quartz thimble filter from CR-F3-2 fuel gasification (CR No. 9) and pure coffee 
(CR No. 10). 

 
 

Table 2.4-12. Summary of the Gravimetric Analysis of Tar (heavier than benzene) and 
PM Sampled from Hot Side – CR No. 10 – Pure Coffee Gasification 

Test Fuel 

Contaminants 
Total Flow 

Syngas 
Volume, Nm3 

Concentrations in 
Producer Gas 

Particulate 
Filters, mg 

Tar Heavier 
than Benzene, 

mg 
Particulate, 

mg/Nm3 
Tars, 

mg/Nm3 
Pure Coffee 576 451.4 0.483 1192 934.6 

 
 
 Table 2.4-13 shows HCN, NH3, and H2S concentrations recorded during tar and PM 
sampling. As shown, the H2S concentration is similar to that of the other CR-F3 gasifications, 
while HCN increased from 2.5 to 10 ppm and NH3 increased from near zero to 10 ppm. The 
nitrogen content of coffee is primarily because of the caffeine (C8H10N4O2) present in the coffee 
(see Table 2.4-12). The concentration of HCN is at the permissible exposure limit (PEL) of  
 
 

http://en.wikipedia.org/wiki/Carbon
http://en.wikipedia.org/wiki/Hydrogen
http://en.wikipedia.org/wiki/Nitrogen
http://en.wikipedia.org/wiki/Oxygen
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Table 2.4-13. Trace Gas Concentrations  
During CR No. 10 
Time Trace Gas Concentration, ppm 
13:00 HCN 10 
13:02 H2S 45 
13:06 NH3 10 

 
 
10 ppm and, therefore, the other major syngas species such as CO would approach PEL much 
before HCN. In the case of coal, order-of-magnitude-higher concentrations of HCN have been 
recorded in different gasification systems in spite of relatively lower nitrogen content as 
compared to coffee.  
 

CR-F3 Gasification PM and Residue Analysis  
 
 The fate of inorganic species in gasification is important for understanding postgasification 
syngas cleanup specific to various syngas applications and applicable recovery of value-added 
by-products. A small fraction of trace metals and other major inorganic species in the original 
CR waste material (see the morphology and ash study sections for inorganic species information) 
is found to have been released as carryovers and aerosols in the gas phase, and the remaining 
major fraction is removed as solids from the gasifier residue extraction system. The PM and 
aerosols are primarily removed in the wet scrubber system prior to syngas application as fuel in 
the gas engine or as feed gas into syngas-to-liquid production based on Fischer–Tropsch 
processing. 
 
 The following section describes the preliminary results of the SEM–EDS analysis of the 
inorganic species present in the submicrometer-sized aerosols that are removed in the scrubber 
water.  
 

PM on Quartz Thimble Filter – Experiment CR No. 3  
 
 Figure 2.4-25a and b show the SEM micrograph of the thimble filter PM, with the 
respective microanalysis points shown in Figure 2.4-25d and e. Figure 2.4-25c shows the photo 
of the dirty (black) and clean (white) thimble filters. The ash particles from the filter appear to be 
finer than those in the ash deposits. Similarly, it was very challenging to prepare an ideal 
monolayer for analysis. The chemical composition presented shows dominance in KCl, with 
some sulfur and silica. Despite the muddy look to the overall sample, a high-magnification image 
of the edge or microcracks shows some discrete, tiny, submicrometer-sized particles (see  
Figure 2.4-25b). The chemical composition of the high-magnification region (Figure 2.4-25b) is 
very similar to that of the “muddy” mass (as in Figure 2.4-25d).  
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Spectrum Na Si S Cl K Cr Fe 
Spectrum 1 0.0 7.2 10.4 22.9 59.4 0.0 0.0 
Spectrum 2 0.96 8.9 7.5 25.8 55.1 1.7 0.0 
Spectrum 3 0.0 7.5 10.8 24.0 57.7 0.0 0.0 
Spectrum 4 0.0 7.1 9.9 25.1 57.9 0.0 0.0 
Spectrum 5 0.0 5.0 9.3 21.7 62.8 1.4 0.0 
Spectrum 6 0.0 5.9 9.5 23.0 61.6 0.0 0.0 
Spectrum 7 0.0 6.6 10.2 20.1 63.0 0.0 0.0 
Spectrum 8 0.0 6.6 9.0 21.4 61.5 0.0 1.6 
Spectrum 9 0.0 8.3 10.7 20.8 60.1 0.0 0.0 

(c) 
 

Spectrum Mg Si S Cl K Ca Cr 
Spectrum 1 1.1 8.3 7.5 22.5 55.4 4.0 1.2 
Spectrum 2 1.7 8.1 7.5 23.0 56.8 2.0 1.0 
Spectrum 3 1.2 7.9 7.7 22.6 57.3 1.8 1.5 
Spectrum 4 0.0 7.9 7.9 22.8 58.7 1.7 1.0 
Spectrum 5 0.0 8.5 8.0 23.5 58.3 1.7 0.0 
Spectrum 6 0.0 8.6 7.5 23.0 57.1 3.8 0.0 
Spectrum 7 1.2 8.4 8.1 23.3 59.0 0.0 0.0 

(d) 
 

Figure 2.4-25. SEM micrograph a) and b) of thimble filter probe deposit for CR  
No. 3, c) inorganic microanalysis or PM deposited on the probe surface for SEM (a), and  

d) inorganic microanalysis for SEM (b) and photo of thimble filter depicting clean and dirty 
filters. 

 
 
SYNGAS APPLICATION FOR ELECTRICITY GENERATION  
 
 It was the EERC’s goal to develop a preliminary understanding pertaining to engine 
emission profile data. In an effort to achieve this, the syngas composition data were provided to 
Cummins ESB for generating emission data. Cummins ESB compared the CR-F3 syngas data 
(see Table 2.4-14) with the set of data generated earlier for a different project utilizing biomass 
for power generation in the advanced FBG. After reviewing these data, Cummins concluded that 
from the perspective of the combustion of the syngas in the engine cylinder, the new composition  
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Table 2.4-14. Data Table Prepared by Cummins Showing Comparison of Woody Biomass 
Data Utilized by Cummins ESB for Predicting Exhaust Emissions and CR No. 4 Test Data  

vol% 
Gasification of Woody 

Biomass (9/13/2010) 
Gasification of Coffee Waste 

(6/5/2012) 
CO 16.7 21.56 
CO2 11.1 6.55 
CH4 1.9 1.26 
H2 13.7 10.21 
CxHx 1 0.68 
N2 53.6 59.74 
Water Vapor 2  
Total 100 100.00 
 
 
of the engine should not change the emission profile or the engine performance. Cummins 
provided the EERC with estimates of the different species found at the exhaust stack with woody 
biomass fuel that its in-house combustion expert had earlier predicted. These profiles are shown 
in Figure 2.4-26. 
 
 
DIOXIN AND FURAN EMISSIONS 
 
 It is understood that while seeking an environmental permit for operating a waste-to-
energy convertor, the permitting agency invariably requires an explanation pertaining to the 
applicability of EPA’s directive “Best Available Technology (BAT)” (U.S. Environmental 
Protection Agency, 2012a) for criteria pollutant or toxic air pollution control. The following 
information pertaining to CR-F3 waste was utilized in securing the preliminary permit to conduct 
preliminary pilot testing with CR waste material. 
 
 According to EPA (2012b), the formation mechanisms for dioxin–furan compounds have 
not been fully elucidated; however, at least three different types of formation mechanisms have 
been identified. All of these mechanisms require the availability of chlorinated precursor 
compounds in the fuel and/or waste being burned and the appropriate gas compositions and 
temperature conditions. One of the proposed formation mechanisms for dioxin–furan compounds 
involves reactions on the surfaces of particles entrained in the gas stream. The highly toxic 
dioxin and furan compounds contain four to eight chlorine atoms, and the formation requires a 
metal catalyst such as copper or iron chlorides. 
 
 Table 2.4-15 depicts the chlorine content of the coffee-processing waste: pure coffee, 
which is about 55% of the processing waste, and mixed clean paper. Table 2.4-15 also shows 
some of the common biomass and coal used as boiler fuels for comparison purposes. The coffee-
processing waste contains 0.05% chlorine, which is slightly higher than the chlorine content of 
pure coffee, which is 0.03%, and mixed clean, dry papers, which is 0.037%. It is assumed that 
the trace amount of residual food waste in the trash adds to the slightly elevated chlorine content. 
As can be observed, the chlorine content of biomass waste ranges from 0.03% to 0.72%, while in  
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Figure 2.4-26. Model-predicted engine exhaust emission data provided by Cummins ESB.  
 
 
Table 2.4-15. Percent Chlorine Content of Different Biomass and Coal Fuel Compared with 
the Mixed Coffee Waste Fuel  
Coffee 
Waste Fuel Cl Biomass Cl Reference U.S. Coals Cl Reference 
Coffee-  
 Processing 
 Waste  

0.050 Switchgrass 0.19 Jenkins et al., 
1996 

Eastern 
bituminous 

coals 

0.028 
– 0.13 

Bragg et al., 
1998 

Pure Coffee 0.030 Corn stover 0.72 Tillman and 
Duong, 2012 

Illinois Basin 
coals 

0.22–
0.44 

Doane et al., 
1994 

Clean Paper – 
 Mixed 

0.037 Softwood, 
sawdust, 

0.052 Tillman and 
Duong, 2012 

   

  bagasse, and 
rice straw 

0.03 Tillman and 
Duong, 2012 

   

   0.58 Tillman and 
Duong, 2012 
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the case of coal, it ranges from 0.028% to 0.13% in the case of eastern bituminous coals and 
0.22% to 0.44% in the case of Illinois Basin coals. This indicates that the chlorine content of the 
coffee waste is well within the acceptable range of the fuels that are commonly used as fuel 
sources.  
 
 It is typically observed that the fate of the chlorine present in the biomass fuel during 
gasification is associated with the presence of inorganics, particularly the alkali metal. Typically, 
it forms thermally stable alkali chloride, while a very small fraction is associated with other 
alkaline-earth metals and other inorganics that remain as solid residue at a low-temperature 
gasification condition (750°–900°C). The same fate of chloride is expected in the case of coffee-
processing wastes, which contain about 55% alkali. Thermodynamic equilibrium software, 
FactSage 6.2, was utilized to determine the fate of chlorine in the case of the gasification of 
coffee waste at temperatures between 750° and 1500°C. Figure 2.4-27 shows the calculated 
weight percent of the total chloride associated with alkali metals K, Na, and hydrogen as their 
chlorides (KCl, NaCl, and HCl). As can be observed, more than 99.95% of the chlorine present 
in the coffee-processing waste forms alkali chloride, and a very small fraction forms HCl.  
 
 It is, therefore, concluded that because of a trace concentration of chlorine present in the 
mixed coffee fuel and the presence of a large concentration of alkali, the availability of chlorine 
for the plausible formation of chlorinated organic compounds that are believed to be the 
precursor to dioxin formation is negligible.  
 
 

 
 

Figure 2.4-27. Effect of the presence of alkali in the coffee waste fuel on chlorine partitioning at 
different gasifier temperatures. 
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 The tar or organic contaminant analysis conducted in the sampled unscrubbed syngas 
leaving the gasifier had shown zero concentration of chlorinated organic species in the case of 
the pilot gasification of turkey waste and railroad ties and the bench-scale gasification of mixed 
biomass and plastic waste (50% biomass and 50% plastic).  
 
 The formation of dioxin–furan also requires oxygen, and in the case of the gasification 
process, the strong reduction condition helps complete the depletion of oxygen in the reaction 
zones. This would preclude the formation of free chlorine from already trace concentrations of 
HCl and the subsequent chlorination of any precursors in the syngas that would form dioxin–
furan (Orr and Maxwell, 2012).  
 
 Also, the syngas combusted in the enclosed flare is thoroughly scrubbed with cold water, 
which removes all of the chlorides and tars prior to combustion. The scrubber also removes 
metal salts that could catalyze the formation of dioxin–furan. The combustion of cleaned syngas 
in the enclosed flare is not expected to form any dioxin–furan. In general, it is highly unlikely 
that any dioxin–furan could form during any stages of the gasification of a coffee-processing 
waste fuel to form syngas or in the combustion of the clean syngas in the flare.  
 
 
CONCLUSIONS 
 

Open Literature Search for CR Waste-Type Feedstock Gasification 
 
• Efforts to develop a gasification process for coffee grounds in a dual fluidized bed by Xu et 

al. (2006) demonstrated production of syngas with tar concentrations of up to 50 g/m3 and 
carbon conversions of 70%. 

 
• Cogasifying wood chips and polyethylene in a throated or Imbert-type gasifier revealed 

operational problems and issues related to gas production because of excessive pressure drop 
in the cleaning and conditioning system limiting the plastic (HDPE) fraction of the mixture 
with woody biomass to 17% (Bacaicoa et al., 2008). 

 
Fuel Composition 

 
• CR waste consisted of a heterogeneous mixture of coffee, papers, a range of plastics or 

polymers and cloth, disposed food packaging, and general trash consisting of a mixture of 
biomass and miscellaneous plastics and a small fraction of inert material consisting of metal 
and glass. 
 

• The CR-F3 waste consisted of 55% coffee, 26% mixed plastic, and 16.6% mixed high-ash 
paper as its major constituents.  
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Comparative Fuel Analysis 
 
• The moisture content of the coffee and CR-F2 and CR-F3 ranged between 3.3% and 5.6%. It 

was found that the ground material exposed to weather (Super Sacks covered with plastic 
tarp) increased its moisture content.  

 
• The ash content of the CR fuels ranged from 3.1% to 5.6%. The ash content of the ground 

fuel was higher than pure coffee, indicating a significant contribution from the mixed paper 
and metals present in the waste. 

 
• Compared to pure coffee and woody biomass, CR waste had higher volatile matter and less 

fixed carbon. 
 
• The sulfur content of the waste was comparable to woody biomass, while the high nitrogen 

content of CR waste was primarily due to the presence of waste coffee. 
 
• The calorific value of the CR waste was higher than pure coffee or paper because of the 

presence of plastics.  
 
• SEM–EDS microanalysis indicated the presence of trace to minor inorganic constituents Ca–

K–Fe–Mg–Al–Si–Mn–Fe–Cu and their chlorides, phosphates, and sulfates.  
 

• K–Mg–P–Ca was the primary contribution of coffee in the CR-F3 waste.  
 

Gasification of CR-F3 Waste 
 
• A fixed-bed downdraft-type gasifier (FBG) is by far the simplest gasification approach for a 

CR distributed waste-to-energy conversion system, requiring simpler balance-of-plant 
systems for syngas cleanup for power generation.  
 

• The baseline gasification study was conducted to understand the gasification features of the 
CR waste material, determine tar and PM concentration in the syngas as a basis for 
determining the best operating conditions, and understand the required gasifier design fine-
tuning for optimizing its performance for producing clean syngas for electricity generation. 

 
• A series of ten different experiments were conducted with CR waste material with a 

maximum duration of 8 hr, including the gasifier cold start and shutdown, and a total fuel 
consumption ranging from about 100 to 180 lb.  

 
• Experiment CR No. 3 and CR No. 6, showed that higher bed temperature favored reduction 

in tar production.  
 
• Gasification Test CR No. 10 with pure coffee feedstock proved coffee’s unstable thermal 

characteristic as a contributing factor for elevated tar and PM concentration in the syngas. 
 
• The PM for the coffee waste gasification was higher than that of CR-F3 waste.  
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• The syngas composition with a calorific value ranging between 120 and 150 Btu/ft3 is 
acceptable for electricity generation. Cummins ESB compared the syngas composition data 
and found the emissions comparable to the previously estimated model data. 

 
• Dioxin–furan formation is less likely in the case of gasification of CR waste. Chlorinated 

organic species were not found in the tar, and HCl was absent in the cleaned syngas. The wet 
scrubbing further eliminated the possibility of carryover precursors to dioxin formation.  
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STANDARD ASTM INTERNATIONAL PROCEDURES FOLLOWED FOR 
ANALYZING MATERIAL PROPERTIES 

 
 
 These ASTM International (ASTM) standard procedures were followed in analyzing the 
material properties of the Coffee Roasters waste: 
 

• ASTM D4239-11 Standard Test Methods for Sulfur in the Analysis Sample of Coal and 
Coke Using High-Temperature Tube Furnace Combustion Methods 

 
• ASTM D5373-08 Standard Test Methods for Instrumental Determination of Carbon, 

Hydrogen, and Nitrogen in Laboratory Samples of Coal 
 
• ASTM D5865-10 Standard Test Method for Gross Calorific Value of Coal and Coke  
 
• ASTM D7582-10 Standard Test Methods for Proximate Analysis of Coal and Coke by 

Macro Thermogravimetric Analysis 
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SUBTASK 2.5 – LIQUID BIOFUELS CHARACTERIZATION 
 
 
INTRODUCTION 
 
 Recently, greenhouse gas emissions have become a greater issue in the United States, 
particularly as they relate to climate change. Figure 2.5-1 shows the breakdown of greenhouse gas 
emissions in the United States as of 2014. The vast majority of the emissions are carbon dioxide; 
consequently, the U.S. Environmental Protection Agency (EPA) proposed the Clean Power Plan 
to reduce carbon emissions from existing power plants. Additional regulations have been proposed 
for both modified and reconstructed power plants as well as new power plants in separate 
documents (U.S. Environmental Protection Agency, 2014a, b). The Clean Power Plan alone will 
allow the United States to cut carbon pollution from the power sector by 30% by 2030. In addition, 
it will cut 54,000–56,000 tons of fine particulate matter (PM2.5), 424,000–471,000 tons of SO2, 
and 407,000-428,000 tons of NO2 (U.S. Environmental Protection Agency, 2014c). 
 
 The Clean Power Plan will be finalized by mid-summer 2015. At that point, EPA will begin 
the regulatory process for proposing a federal plan. This plan was proposed to address the issues 
arising from climate change, including rising frequency and intensity of weather disasters, which 
cost the American economy more than $100 billion in 2012. Other pollutants, such as arsenic and 
mercury, are heavily regulated at power plants; however, there is not currently a limit on carbon. 
The Clean Power Plan will cut carbon pollution at power plants by 30% from 2005 levels (U.S. 
Environmental Protection Agency, 2014d). Programs most strongly supported under the Clean 
Power Plan will include those targeting renewable energy or energy efficiency (U.S. 
Environmental Protection Agency, 2014e). Thus some plants may choose to meet the new carbon 
regulations by using gasification technologies or biofuels. These switches become more feasible 
in light of the 10- to 15-yr window EPA will provide after the finalization of the Clean Power Plan 
to plan and achieve reductions in carbon pollution (U.S. Environmental Protection Agency, 
2014e). One option to reduce CO2 or meet renewable fuel mandates is to use biofuels for power 
generation. Since biofuels are considered carbon-neutral fuels, this allows for the displacement of 
CO2 emissions associated with fossil fuel-based electricity generation. 
 
 The term biofuels refers both to the plant or animal biomass and refined products made from 
the biomass. These products may be combusted for energy, usually heat. Biofuels exist in solid, 
liquid, and gaseous forms, analogous to fossil fuels. Biofuels provide an effective potential source 
for meeting future energy demands since they are extensively available, technology and 
infrastructure for use are already extant, and liquid fuel production is possible (Guo et al., 2014). 
 
 Combustion of biofuels, such as wood pellets, waste wood, and woody biomass, follows the 
following general equation: 
 
 C6H10O5 + 6O2 → 6CO2 + 5H2O + Heat + Light [Eq. 1] 
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Figure 2.5-1. U.S. greenhouse gas emissions as of 2014 (U.S. Environmental Protection Agency, 
2015f). 

 
 
However, in conventional furnaces, combustion is incomplete, resulting products that include 
smoke, creosote, carbon monoxide, methane, NOx, and SOx. Nevertheless, wood chips emit fewer 
SOX compounds than coal in combustion (Guo et al., 2014). 
 
 Bioethanol and other liquid biofuels may be produced from vegetative biomass through 
fermentation, in which the following series of reactions occur: 
 
 (C6H10O5)n (starch, cellulose, sugar) + nH2O → nC6H12O6 [Eq. 2] 
 
 (C5H8O4)n (hemicellulose) + nH2O → nC5H10O5 [Eq. 3] 
 
 C6H12O6 → 2CH3CH2OH + 2CO2 [Eq. 4] 
 
 C5H10O5 →5CH3CH2OH + 5CO2 [Eq. 5] 
 
 Bioethanol is currently used in gasoline blends or as a gasoline substitute in many countries 
(Guo et al., 2014). 
 
 Biodiesel may be derived from several different sources, including “vegetable oil, animal 
fats, algal lipids, or waste grease through ‘transesterification’ in the presence of alcohol and 
alkaline catalyst” (Guo et al., 2014). The generic equation is as follows: 
 
 Triglyceride + Methanol → Biodiesel [Eq. 6] 
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 This reaction occurs in the presence of a KOH or NaOH catalyst. Much as in the case of 
bioethanol, biodiesel is currently used in diesel blends in many countries (Guo et al., 2014). 
 
 Finally, biomass may be pyrolyzed (heated in the absence of air) to produce bio-oils, which 
may be directly burned or upgraded into various fuel oil grades (Guo et al., 2014). 
 
 Biogas can also be generated by the anaerobic digestion of organic wastes; that is, 
microorganisms are used to convert organic material into methane by the following reaction: 
 
 C6H12O6 → 3CO2 + 3CH4 [Eq. 7] 
 
 In addition, syngas can be generated from gasification or pyrolysis of biomass. This syngas 
may then be converted to chemicals or combusted for energy generation (Guo et al., 2014). 
 
 Of particular interest to this study are power plants operating using fuel oil. Oil is fairly 
simple to burn and produces less ash than coal. Fuel oils, derived from petroleum, are usually 
atomized before combustion. The combustible fraction of fuel oil is primarily made up of carbon 
and hydrogen, with smaller amounts of sulfur, nitrogen, oxygen, water, and sediment. Table 2.5-1 
shows some characteristics of typical liquid fuels, including gasoline, kerosene, gas oil, and fuel 
oil (Singer, 1981). 
 
 Fuel oil falls into two general categories: distillate and residual. Fuel oils No. 1 to No. 4 are 
distillate oils, which are derived from vaporization in petroleum refineries. These are lighter oils 
and are typically used for space heating and power generation. No. 5 fuel oil, also known as Navy 
Special, is a residual oil and heavier-distillate oil that is used to power government vessels and 
power plants. No. 6 fuel oil is a heavy residual oil typically used for steam generation.  
No. 6 oil contains vanadium, sodium, and sulfur impurities, which can lead to operating problems, 
but is cheap. Residual fuel oils are not vaporized by heating, and these oils are typically black, 
high-viscosity fluids that require heating for handling and combustion.  
 
 Biofuels are sometimes mixed with petroleum-based oils to increase the renewable content 
of the fuel, with a goal of meeting renewable portfolio standards, and may be a strategy for meeting 
the proposed Clean Power Plan. They can be mixed with fuel oils; however, issues with fuel 
stability, corrosion, and miscibility can occur for some fuel blends. Therefore, miscibility of 
biofuel and petroleum blends and corrosivity of biofuels as compared to fuel oils need to be 
studied. This study was undertaken to understand the properties and miscibility of biofuels with 
fuel oil in order to uncover any unforeseen processing issues, such as formation of sludges. 
Additionally, a literature review to determine appropriate methods for determining the properties 
of biofuels was to find better methods for determining these properties than blind application of 
the ASTM International (ASTM) petroleum standards. 
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Table 2.5-1. Characteristics of Liquid Fuels (after Singer, 1981) 
 

° 
API % C 

% 
H2 

% 
S 

% 
N2 

% 
O2 

HHV,1 
Btu/lb 

A at Zero 
Excess Air, 
lb/106 Btu 

CO2 at Zero 
Excess Air, 

% 
Gasoline 60 85.0 14.8 – 0.1 0.1 20,200 746 14.87 
Kerosene 45 85.0 14.0 – 0.5 0.5 19,900 742 15.12 
Gas oil 30 85.0 12.8 0.8 0.74 0.7 19,300 745 15.48 
Fuel oil 15 85.5 11.5 1.6 0.7 0.7 18,500 758 15.90 
1 Higher heating value. 

 
 
LITERATURE REVIEW – BIOFUELS 
 

Bio-Oil and Biodiesel Sources 
 
 Although there are many other sources of bio-oils and biofuels, this literature review focused 
only on those used for the testing performed under this project. These oils were chosen because of 
their relative abundance and, consequently, availability. 
 
 Jatropha oil is derived from the Jatropha genus of flowering plants. Most of the species of 
this plant are native to the Americas. The main oil-bearing plant as identified by Goldman Sachs 
is Jatropha curcas, which is native to the North and Central American tropics. The seeds average 
34.4% oil, which can be refined into biodiesel (Achten et al., 2008). The remaining cake may also 
be burned for further energy production (Jongschaap et al., 2009). The plant is simple to cultivate 
and grows in nearly every soil, although yields may be somewhat lower in poor and stony soils 
(von Reppert-Bismarck, 2011). Jatropha plants live for more than 40 yr and produce seeds after 
9–12 months, although maximum yield is not obtained until after the first 2–3 yr. While seed yields 
vary widely, an average yield is around 1500 to 2000 kg/ha, which equates to 540 to 640 L of 
oil/ha (Dar, 2007). However, the Jatropha genus of plants has not been domesticated. Furthermore, 
the Jatropha curcas plant requires a substantial amount of water to grow, potentially upwards of 
five times that of sugar cane and corn (McKenna, 2009). Currently, jatropha plants are mainly used 
for soap production, traditional medicine (the seeds act as a purgative), and live fence (Asselbergs 
et al., 2006). 
 
 Palm oil is derived from the fruit of the oil palm trees, especially the African oil palm Elaeis 
guineensis. Indonesia produces the most palm oil in the world at 20.9 million tonnes (2009), while 
Malaysia produces 18.79 million tonnes (2012) (Scientific American Board of Editors, 2012; U.S. 
Department of Agriculture Foreign Agricultural Service, 2012). Other producers of palm oil 
include Nigeria, Thailand, Colombia, and smaller producers in Africa (Ayodele, 2010). In 2012–
2013, total world production of palm oil was 58.1 million tonnes (Index Mundi, 2013). Its principle 
use is as a cooking ingredient, especially in the tropical belt of Africa, southeast Asia, and Brazil. 
It has also been used in soap products (e.g., Unilever and Palmolive), in processed foods as a cheap 
substitute for butter, and in the production of biodiesel (although this does ignite a food vs. fuel 
debate) (Federación Nacional de Cultivatores de Palma de Aceite, 2013). 
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 Animal and plant products can generally be recycled into biocrude fuel and refined into 
biodiesel. Several companies, including Griffin Industries and Darling International, recycle 
animal fats collected during animal rendering, used cooking oil, and other plant oils into renewable 
diesel. Some of the fats used in this process include inedible tallow, technical lard, choice white 
grease, poultry fat, yellow grease, flotation fat, prepared food waste fats, soybean oil, corn oil, 
palm stearin, palm fatty acid distillate, tall oil, camelina oil, jatropha oil, and algal oil (Griffin 
Industries, 2010). As an example, the Diamond Green Diesel facility located in Norco, Louisiana, 
is able to take in approximately 11% of the animal fats and used cooking oil generated in the 
United States and output 137 million gal of renewable diesel annually (Zerman, 2013). Another 
plant processing these streams in the United States is the Dynamic Fuels plant in Geismar, 
Louisiana. This plant is able to output 75 million gal of renewable diesel a year (Dynamic Fuels 
LLC, 2013). 
 

Quick Assessment Tools for Biofuels 
 

Critical Fuel Properties Impacting Performance in Power Production 
 
 The fuel properties that most greatly impact power production performance are viscosity, 
volatility, surface tension, corrosion, oxidative stability, acid number, water absorption, and 
deposit formation. 
 
 Higher viscosity in pure vegetable oils, waste oils, and greases can prevent adequate 
atomization of the fuel. This results in poorer mixing with combustion air and incomplete 
combustion in engines and turbines. Thus this can lead to poor cold-start performance, nozzle 
clogging, and lubricating oil contamination. Viscosity can be improved (lowered) by heating the 
fuel prior to injection, by diluting with lower viscosity fuels (e.g., petroleum diesel, alcohols, or 
fatty acid methyl esters [FAMEs]), emulsifying the oils, or converting the oils to FAME (Rehman 
et al., 2011). In one study, heating waste fryer oil to 135°C resulted in a reduction of its viscosity 
to be similar to that of diesel fuel at 30°C (Pugazhvadivu and Jeyachandran, 2005). 
 
 The viscosity of triglycerides is nearly ten times greater than that of their corresponding 
methyl esters, as indicated in Table 2.5-2. Because of the strong correlation between viscosity and 
the fraction of unreacted triglycerides in biodiesel, viscosity is a useful parameter to indirectly 
assess FAME purity (Knothe, 2001). 
 
 Relatively low volatility makes vaporization of vegetable oils, waste oils, and greases 
difficult. Incomplete vaporization can lead to thermal cracking of the oils, resulting in excessive 
smoke emissions and carbon deposits in the combustion chamber (Rehman et al., 2011). 
 
 Higher surface tension can reduce spray atomization, increase droplet size, and impact other 
properties of spray atomization (Boucher et al., 2000; Graboski and McCormick, 1998). Limited 
data exist on the surface tension of neat biodiesel and blends. A typical value for No. 2 diesel is 
22.5 dyne/cm at 100°C. Reported surface tension of biodiesel ranges from 34.9 dyne/cm at 60°C 
for neat soy methyl ester to 25.4 dyne/cm at 100°C for rapeseed oil methyl ester (Stotler and 
Human, 1995; Reece and Peterson, 1993). 
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Table 2.5-2. Comparison of Properties of Vegetable Oils and Esters with Diesel  
Fuel (after Ramadhas et al., 2004) 

Fuel Type 
Calorific Value, 

kJ/kg 
Density, 
kg/m3 

Viscosity 
(27°C, mm2/s) 

Cetane 
Number 

Diesel Fuel 43,350 815 4.3 47.0 
Sunflower Oil 39,525 918 58.5 37.1 
Sunflower Methyl Ester 40,579 878 10.3 45.5 
Cottonseed Oil 39,648 912 50.1 48.1 
Cottonseed Methyl Ester 40,580 874 11.1 45.5 
Soybean Oil 39,623 914 65.4 38.0 
Soybean Methyl Ester 39,760 872 11.1 37.0 
Corn Oil 37,825 915 46.3 37.6 
Opium Poppy Oil 38,920 921 56.1 – 
Rapeseed Oil 37,620 914 39.2 37.6 

 
 
 
 The presence of free fatty acids (FFAs) can lead to corrosion of metallic components in 
storage and transportation equipment. Copper is especially susceptible to this attack; therefore, 
copper- and brass-containing components should ideally be replaced with steel. Additionally, gray 
cast iron has showed slight corrosion in the presence of FFA and should be avoided for these fuel 
mixtures (Geller et al., 2007). 
 
 Oxidative stability is a measure of biodiesel fuel oxidation after exposure to air at elevated 
temperatures. It is determined through measurement of the induction period (IP) by CEN 
(European Community for Standardization) Method EN14112; this is known as the Rancimat 
method. Increased oxidation of FAME can lead to the formation of peroxides, which may attach 
to elastomers or polymerize into insoluble high-molecular-weight compounds that can clog fuel 
lines or filters or lead to incomplete combustion and associated engine deposits (Dunn, 2002). 
Some other tests, including kinematic viscosity, acid number, and iodine value, have been used as 
indicators of oxidation but are generally not accurate (Moser, 2011). 
 
 The acid number is typically determined using Karl Fischer titration in accordance with 
ASTM D664. In renewable oil fuels, this is largely a measurement of the amount of FFA present 
in the fuel. Fuels with elevated acid numbers can cause corrosion in storage and feed systems. The 
specification for biodiesel calls for a maximum of 0.5 mg KOH/g fuel; however, fats and oils can 
possess acid numbers up to 10 mg KOH/g fuel (Espadafor et al., 2009). 
 
 ASTM D975 indicates that up to 500 ppm water is acceptable in diesel fuel. No. 2 diesel 
fuel is typically 60 ppm water at 25°C, which is nearly equivalent to the water solubility in diesel 
at this temperature. The water solubility in 100% soy-based biodiesel is 1500 ppm; the water 
solubility in 20% biodiesel is around 40 ppm, which is statistically similar to 60 ppm with current 
measurement techniques. Blending saturated methyl ester with No. 2 diesel can lead to water 
separation. If enough water separates, a water layer may form and provide a site for microbial 
growth and subsequent fuel degradation (Graboski and McCormick, 1998). 
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 The formation of deposits in combustion engines is, therefore, frequently attributed to the 
high viscosity and low volatility of vegetable oil fuels. Heating the oil can significantly lower fuel 
viscosity and reduce deposit formation. However, the mechanisms that lead to deposit formation 
are not fully understood. Deposits are often attributed to the presence of triglycerides. For example, 
in esterified oil fuels, the reduced amount of triglycerides correlates with lower levels of deposit 
formation. In some studies, diesel blends with less than 30% vegetable oil showed a performance 
similar to that of neat diesel (Sidibé et al., 2010). 
 

Screening Methods for Fuel Quality Assessment 
 
 It is evident that it is important to analyze a fuel for, at a minimum, the aforementioned 
properties. While many standards are available to assess fuel properties, it may be beneficial to 
have a “quick and dirty” field test that can efficiently and accurately assess fuel properties.  
Table 2.5-3 outlines screening methods that oil-fired power plants could use to assess fuel quality. 
pHLIP is a quick field test available through CytoCulture International capable of measuring 
biodiesel acidity. The instrument can also indicate the presence of catalysts and measure soaps, 
monoglycerides, diglycerides, and triglycerides. 
 
 Wilks InfraSpec is a small infrared (IR) instrument designed for oils with total glycerin 
measurements below 0.24% w/w. The analysis time required is less than 1 min. The InfraSpec can 
measure the blend percent within 5% for a blend component present at up to 50% of a blend and 
within 15% for a blend component present greater than 50% of a blend for bio-oil blends of two 
components. In addition, it can measure the presence of vegetable oil in methyl ester. The 
InfraSpec is available commercially as the InfraSpec VFA-IR spectrometer manufactured by 
Wilks Enterprises, Inc. 
 
 The i-SPEC Q-100 is a handheld analyzer that uses impedance spectroscopy. It measures the 
blend percent, total glycerin, methanol, and acid number in B-100 samples. 
 
 The Mettler DL18 titrator uses the Hydranal Composite 5 reagent, which contains iodine, 
SO2, and amine/methyl glycol to perform Karl Fischer titration for water determination. It meets 
the specifications set out in ASTM D1744. 
 
 Alkali metal content can be determined by using the Perkin-Elmer 100B atomic absorption 
spectrometer, which uses nitric acid and hydrochloric acid digestion followed by spectrometry. 
 
 A quick test for water in oil involves placing drops of oil in a heated pan. “Popping” sounds 
are indicative of water in the oil; this method is accurate to 500 ppm (0.05% w/w). 
 
 Another test for water can be performed using the Sandy Brae water test kit. This test 
involves reacting calcium hydride with water in an oil sample to produce H2 gas. Since the reaction 
takes place in a closed container, the pressure of the container can be calibrated to the amount of 
water in the sample. This method is accurate to a low level of 50 ppm. 
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Table 2.5-3. Summary of Screening Methods for Fuel Quality Assessment 

Property Standard Method 
Quick Method 

Available 
Feasibility of Quick 

Method 
Pour Point ASTM D97 or D5949 Phase Technology – 

70XI cloud analyzer 
(D5949) 

Feasible for refined, 
particulate-free fuels. 
Not feasible for 
unrefined fuels 
because of the 
presence of solids as 
this is an optical 
method. 

Total Acid Number 
(TAN) 

ASTM D664 pHLIP – color 
indicating acidity 

Feasible for refined 
fuels. Not feasible for 
unrefined fuels 
because of the 
presence of solids 
and/or intense oil 
color. 

i-SPEC Q-100  
ECON TAN test, 
DIGI field kit, FG-
K1-008-KW 
(0–3 TAN) 

 

  FFA/TAN test, DIGI 
biodiesel test kit 
FG-K16892.5-KW 
(acid content/0–6 
TAN) 

 

Moisture and 
Impurities 

ASTM D2709 
(centrifuge) 

Hot pan, >500 ppm Feasible 
Sandy Brae, >50 ppm 
– pressure calibrated 
to H2O 

Feasible 

Kittiwake test kit, 
DIGI water in oil cell 
0.02%–1%, 200–
10,000 ppm, 0–10%, 
0–20% 

 

Heating value (HHV) ASTM D240 None available NA1 
FFA From PORAM2 None available NA 
Iodine Value AOCS3 Cd 1c-85 None available NA 

1 Not applicable. 
2 Palm Oil Refiners of Malaysia. 
3 American Oil Chemists’ Society. 
4 International Standard Organization. 
5 Fuel ignition analysis. 
6 Calculated carbon aromaticity index. 

Continued . . . 
 
 
 
 



2.5-9 

Table 2.5-3. Summary of Screening Methods for Fuel Quality Assessment (continued) 

Property Standard Method 
Quick Method 

Available 
Feasibility of Quick 

Method 
Viscosity ASTM D7042 DIGI Viscotube, DIGI 

clean oil kit FG-
K14971-KW (20–600 
cSt @ 40°C) 

 

Flash Point ASTM D93 None available NA 
Sulfur ASTM D1552, 

D2622, or D4294 
None available NA 

Nitrogen ASTM D4629 or 
D5762 

None available NA 

Vanadium ASTM D5863 None available NA 
API Gravity ASTM D4052 None available NA 
Density ISO4 3675 or 12185 Density hydrometer, 

DIGI biodiesel test kit 
FG-K16892.5-KW 
(850–950 kg/m3) 

 

Cetane FIA5 test None available NA 
CCAI6 FIA test None available NA 
Total Sediment Extant ISO 10302.5-1 None available NA 
Water, before engine ISO 3733 (distillation) None available NA 
Microcarbon Residue ISO 10370 None available NA 
Ash ISO 6245 or LP 1001 None available NA 
Phosphorus ISO 10478 extended None available NA 
Aluminum ISO 10478 None available NA 
Calcium + Magnesium 
Content 

ISO 10478 extended None available NA 

Iron ISO 10478 extended None available NA 
Silicon, organic No method specified None available NA 
Silicon, inorganic ISO 10478 None available NA 
Alkali (sodium + 
potassium) 

ISO 10478 extended None available NA 

Cloud Point ISO 3015 or ASTM 
D5949 

Phase Technology 
PSA-70Xi analyzer 

Feasible for refined, 
particulate-free fuels. 
Not feasible for 
unrefined fuels 
because of the 
presence of solids as 
this is an optical 
method. 

Cold-Filter Plugging IP 309 None available NA 
Copper Strip Corrosion ASTM D130 None available NA 
Steel Corrosion LP 2902 None available NA 
Strong Acid Number ASTM D664 None available NA 
Synthetic Polymers LP 2401 extended or 

LP 3402 
None available NA 

Ester Content EN 14103 None available NA 
Linolenic Acid Content EN 14103 None available NA 

Continued . . . 
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Table 2.5-3. Summary of Screening Methods for Fuel Quality Assessment (continued) 

Property Standard Method 
Quick Method 

Available 
Feasibility of Quick 

Method 
Total Glycerin ASTM D6584 pHLIP (qualitative – 

visible as interface) 
Feasible for refined 
fuels. Not feasible for 
unrefined fuels, 
especially particulate-
rich or strongly 
colored fuels, as this 
is an optical method. 

Wilks IR Infraspec 
(<0.24% w/w) 

 

i-SPEC Q-100, 
handheld analyzer for 
B-100 

 

Methanol EN 14110 i-SPEC Q-100, 
handheld analyzer for 
B-100 

 

Carbon Residue ASTM D4530 None available NA 
Oxidative Stability CEN method EN 

14112 
Rancimat 

Metrohm USA, Inc. 
(Riverview, FL, USA) 
Model 893 Rancimat 
instrument 

 

AOCS CD 12-b-92 oil 
stability index, ISO 
6886 accelerated 
oxidation test 
Rancimat 892 

 

Water ASTM D1744 – Karl 
Fischer titration 

Mettler DL 18 titrator  

Total Base Number  Kittiwake DIGI water 
in oil/TBN cell (0– 
80 TBN) 

 

Insolubles  ECON insolubles test 
DIGI basic kit, FG-
K1-003-KW 
(qualitative) 

 

 
 
 A quick test for viscosity involves dipping a piece of cardboard in the oil and removing it, 
then observing the flow of oil off the cardboard. Smooth runny flow indicates good flow properties, 
while clumps indicate high viscosity at ambient temperature. 
 
 An optical cloud point analyzer can provide quick cold-flow data provided the sample is 
clear and/or transparent. 
 
 Biodiesel test kits are available from Fleet Biodiesel, Inc., for B5/B20 and B100. The test 
kit allows for testing water content, visual clarity, acid number, yeast/mold/anaerobic bacteria, and 
glycerin for ranges of 0.05% to 0.5%. 
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 A relatively simple test to indicate the presence of triglycerides in biodiesel is the Warnquist 
3/27 test. The test is carried out by mixing 27 mL of room temperature methanol with 3 mL of 
water-free biodiesel, shaking this mixture, and letting it settle. If oily material settles out in 30 min, 
the fuel contains more than trace amounts of triglycerides (and associated di- and monoglycerides). 
 
 Finally, another company that provides oil-testing solutions is Kittiwake. 
 

Key Temperature Parameters for Fuels 
 
 Table 2.5-4 shows melting points, boiling points, flash points, and autoignition temperatures 
for biodiesels, low-sulfur fuel oils, jatropha oil, palm oils, pyrolysis oils, and yellow greases. These 
data were acquired by examining a number of material safety data sheets (MSDSs) (Tesoro, 2012; 
National Biodiesel Board, 2012; BioFlex Fuels, 2012; ConocoPhillips, 2012; Biodiesel Industries, 
Inc., 2012; Cargill, 2012; Flint Hills Resources, 2012; Philips Petroleum Company, 2012; Sprague, 
2012; Hess Corporation, 2012; Diligent Tanzania Ltd., 2012; Sciencelab.com, Inc., 2012;  
 
 
Table 2.5-4. Summary of Temperature-Related Parameters for Various Fuels 

Fuel 
Melting Point, 

°F 
Boiling Point, 

°F Flash Point, °F 

Autoignition 
Temperature, 

°F 
Biodiesel NA 298 100 351 

NA >392 NA NA 
NA 300–691 126–140 611 
NA 300–691 126–180 611 
NA >399 NA NA 

<<8.6 >392 266 NA 
Low-Sulfur Fuel 
Oil 

−20.2 325–700 NA NA 
NA 320–700 >126 NA 
NA 340–675 NA NA 
NA 340–700 NA NA 

Jatropha Oil NA NA 464 NA 
Palm Oil 95 NA NA NA 

92.5–100 NA NA NA 
95–104 NA NA NA 

77+ >212 NA NA 
108–140 568–689 >212 >482 

Pyrolysis Oil NA >212 104–230? 932 
45 338 140–200 644 
NA 336–1074 219 658 
59 392–572 >214 >842 
NA NA 144–210 NA 

Yellow Grease 86 NA – 
decomposes 

399 NA 

86 NA – 
decomposes 

399 NA 
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Natural Sourcing, 2012; Just a Soap, 2012; The Soap Kitchen, 2012; Acme Hardesty 
Oleochemicals, 2012; Cirad, 2006; ChevronPhillips, 2011a, b; Unipetrol, 2010; Ensyn 
Technologies Inc., 2007; Griffin Industries, 2007; Backyard Biodiesel, LLC, 2011). 
 

Fuel Corrosivity 
 
 Corrosion is a problem with biofuels as they generally have greater acid content, absorb 
more water, and have higher oxidative characteristics than petroleum-based fuels (Burton, 2008; 
Jayed et al., 2009). Generally corrosion is caused by a number of factors, including “free water, 
free FAME, corrosive acids (formic and acetic), free methanol, NaOH or KOH particles in fuel, 
high viscosity at low temperatures, iodine value, [and] total acid number” (Jayed et al., 2009). The 
corrosion behavior of Indian seed oil-derived biodiesels on engine parts was studied, and it was 
determined that Salvadora oleoides-derived biodiesels showed marked corrosion, while oils 
derived from Jatropha curcas, Pongamia glabra, and Madhuca indica showed little or no 
corrosion of the engine parts (Kaul et al., 2007). It was demonstrated that copper and/or brass 
components were most susceptible to corrosion by poultry fat and diesel fuel mixtures and should 
generally be avoided; in addition, gray cast iron showed slight corrosion and should perhaps be 
avoided as well (Geller et al., 2007). Furthermore, it has been shown that anaerobic metabolism of 
biodiesel can lead to its degradation and subsequently increase corrosive activity (Aktas et al., 
2010). 
 
 However, it has been demonstrated that even increasing the amount of incompletely 
converted soybean oil may not have a significant effect on its copper strip corrosion (Fernando et 
al., 2007). Other researchers have studied the effects of soybean- and sunflower-derived biodiesels 
on carbon steel and found that, while there was a low level of surface etching, the weight loss was 
minimal. HDPE polymers, however, underwent a weight gain on the order of 10-4 g because of 
absorption (Maru et al., 2009). 
 
 Additives may be used to reduce corrosion. It was demonstrated that use of an anticorrosion 
additive with a palm oil diesel not only reduced corrosion but also increase brake power, reduced 
exhaust emissions, decreased wear metal, and decreased total base number (Kalam and Masjuki, 
2002). Other researchers showed that tert-butylamine was a more effective corrosion inhibitor than 
ethylenediamine and n-butylamine for attack by palm-based biodiesel (Fazal et al., 2011). 
 
 
EXPERIMENTAL METHODS – BIOFUELS 
 

Fuels Tested 
 
 Seven different oils were sourced for testing. These oils, along with their original sources, 
are listed in Table 2.5-5. The qualitative difference between hi-pour fuel oil and lo-pour fuel oil is 
the viscosity; hi-pour fuel oil, which has a (reasonably) high reported pour point of about 55°F, 
has the approximate viscosity of lard, while lo-pour fuel oil, which has a reported pour point of 
about 30°F, has the approximate viscosity of slightly cooled corn oil. 
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Table 2.5-5. Fuel Oils Tested 
Oil Source 
Hi-Pour Fuel Oil Petrospect 
Lo-Pour Fuel Oil Petrospect 
Crude Jatropha Oil Original source unknown 
Biocrude Derived from Animal Renderings REG Newton 
Biodiesel (refined biocrude) REG Newton 
Crude Palm Oil Sime Darby Biodiesel 
Ultralow-Sulfur Diesel Purchased at Valley Dairy gas station in 

Grand Forks, North Dakota – original source 
unknown 

 
 

Miscibility Testing 
 
 Oils were mixed in ½-cup portions for a total of approximately 1 cup of blended oils per 
sample. This mixing occurred at three distinct temperatures: 75°F (ambient temperature for 
subtropical/tropical power stations), 170°F (storage temperature in the tanks in the tank farm), and 
220°F (temperature to which the oils are heated before feeding to the burner). 
 
 For testing at 75°F, oils were combined in a beaker and (if necessary) slightly heated to 75°F. 
The oils were then blended by stirring at the highest achievable rpm on the heating/stir plate (i.e., 
before the magnetic stir bar went out of balance) for 5 min; most oils were stirred at about  
1200 rpm for 5 min. 
 
 For testing at 170°F, oils were combined in a beaker and heated to 170°F. The oils were then 
blended by stirring at the highest achievable rpm on the heating/stir plate, which was typically 
about 1200 rpm, for 5 min. 
 
 For testing at 220°F, oils were combined in a beaker and heated to 220°F. The oils were then 
blended by stirring at the highest achievable rpm on the heating/stir plate, which was typically 
about 1200 rpm, for 5 min. 
 
 After the oils were blended, they were photographed and visually examined for effective 
miscibility. The blended oils were then allowed to sit at the testing temperature (i.e., 75°, 170°, or 
220°F) on a hot plate for another 25 min without stirring, at which point they were examined again 
for separation of entrained solids or overall separation of oils. Again, the blends were 
photographed at the end of the 25 min. The oils were then placed in an oven maintained at the 
desired testing temperature and allowed to sit for an extended period of time (2 days to  
~1.5 yr, depending on the sample) in order to examine for further separation. 
 
 The samples heated to 170° and 220°F were cooled to 75°F in order to test for any difficulties 
with the blends in the scenario that heating would be lost within the plant. The samples were 
allowed to sit for an extended period of time at the cooler temperature to examine for any 
separation of entrained solids, formation of sludge, or overall separation of oils. The samples were 
photographed again at the end of this period. 



2.5-14 

Characterization of Individual Fuels and Fuel Blends 
 
 In general, liquid fuels (petroleum-based) are analyzed for the following properties: 
composition and heating value by means of proximate and ultimate analysis, specific gravity, 
viscosity, flash point, and pour point. Each individual fuel in testing was analyzed for composition 
and heating value using proximate–ultimate analysis; this analysis was not performed on each 
blend of fuels, as these properties would be additive. 
 
 However, specific gravity, flash point, cloud point, and pour point may not be additive 
properties. Tests were consequently conducted to determine the specific gravity, flash point, pour 
point, and cloud point for select pure fuels and fuel blends. Viscosity testing was not conducted 
because of equipment limitations. 
 
 Specific gravity was determined using a hydrometer at 59°F in accordance with ASTM 
D1298. 
 
 Flash point was determined using a flash point analyzer in accordance with ASTM D93. 
 
 Pour point was determined using a multipoint analyzer in accordance with ASTM D97. 
 
 Cloud point was determined using a proprietary method developed in-house to find the wax 
appearance temperature. This method provides a conservative estimate of the wax point, as most 
wax points are determined by filter plugging. The cloud point determined by this method provided 
the first potential problem temperature. 
 

Corrosion Testing 
 
 The main alloys in use at most power stations are 304 stainless steel, 316 stainless steel, 
brass/bronze, mild steel, aluminum, and Monel. In addition, 410 stainless steel is a common alloy 
in wetted parts in fuel pumps. It was determined that aluminum and Monel did not need to be 
analyzed for susceptibility to corrosion for two reasons: 1) these metals are usually not present in 
large amounts at power stations and 2) these metals are not typically susceptible to corrosion 
because of passivating behavior. Therefore, five metals were selected for corrosion testing: 304 
stainless steel, 316 stainless steel, brass, mild steel, and 410 stainless steel. 
 
 Samples of each metal were cut into 1-in.-wide pieces (typically also 1-in. tall). These 
samples were then prepared by sanding all surfaces with 120-grit sandpaper. This was done in 
order to remove enough material to get below any variations in the metal surface and remove any 
oil, grease, or other contaminants. Each metal type was polished with its own piece of sandpaper 
in order to avoid cross-contamination of metals, which could have led to erroneous results through 
galvanic corrosion effects. 
 
 All of the seven oils were used in the corrosion testing. The metal samples were each 
immersed in excess oil in 4-oz jars and placed in an oven at 175°F. 
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 The metal samples were weighed, measured using a caliper, and photographed prior to 
corrosion testing and each time they were removed from the oven. The samples were removed 
from the oven and examined every 2 weeks for mass loss and change in appearance. Excess oils 
were removed by running the samples under water while scrubbing them with a rubber stopper.  
 
 
RESULTS AND DISCUSSION  
 

Miscibility Test Results 
 

Oils Blended at 75°F 
 
 This blending temperature represents a worst-case scenario for many tropical and subtropical 
plants, as this temperature should never be experienced unless the heating and stirring on the 
storage tanks fail for an extended period of time. 
 
 Blends were considered to be failures if the qualitative viscosity was too high, i.e., if the 
blend failed to flow, or if a significant amount of solids settled out of solution. The main cause of 
the failure at this temperature was solids settling, which could be problematic in the event of a 
prolonged heating and stirring failure in the storage tank and/or any heat-traced line. In addition, 
it was found that blends of crude palm oil with both hi-pour and lo-pour fuel oil were resistant to 
mechanical mixing. These blends could be manually stirred, and this may be a limitation of the 
magnetic stir plate used. The main problem with palm oil is its semisolid characteristics at 
relatively low temperatures as well as its high concentration of solids. 
 
 Table 2.5-6 shows the elapsed time between initial blending and final photos of each oil 
blend. This indicates how long a blend was held at 75°F, which can affect factors such as 
particulate settling. 
 
 Figure 2.5-2 shows photos of a blend of hi-pour fuel oil and crude palm oil. Figure 2.5-2a 
shows this blend immediately after stirring, Figure 2.5-2b shows this blend 25 min after stirring, 
and Figure 2.5-2c shows this blend 8 days after stirring. This blend resisted stirring on the magnetic 
stir plate but was able to be stirred by hand for the required 5 min. At ambient temperatures, this 
blend would be a poor fuel; however, it most likely would be pourable. The tops of the beakers in 
these photos indicate that the crude palm oil (yellow areas) did not fully blend with the hi-pour 
fuel oil. 
 
 Figure 2.5-3 shows photos of a blend of hi-pour fuel oil and crude jatropha oil.  
Figure 2.5-3a shows this blend immediately after stirring, Figure 2.5-3b shows this blend 25 min 
after stirring, and Figure 2.5-3c shows this blend 556 days after stirring. This blend could be easily 
mixed and was completely miscible; in fact, addition of the jatropha oil lowered the viscosity of 
the blend as compared to the hi-pour fuel oil. At ambient temperatures, this would be a good fuel. 
The qualitative viscosity of the blend did not change during storage. This indicates no formation 
of sludge or gels that would be evidence of chemical change, implying that this blend had an 
acceptable shelf life. 
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Table 2.5-6. Elapsed Time Between Blending and Final Photos, 75°F 
Oil Blend Elapsed Time, days 
Hi-Pour – Palm 8 
Hi-Pour – Jatropha 556 
Hi-Pour – Biocrude 8 
Hi-Pour – Biodiesel 9 
Hi-Pour – Ultralow-Sulfur Diesel 9 
Lo-Pour – Palm 492 
Lo-Pour – Jatropha 492 
Lo-Pour – Biocrude 374 
Lo-Pour – Biodiesel 492 
Lo-Pour – Ultralow-Sulfur Diesel 374 
Palm – Jatropha 567 
Palm – Biocrude 560 
Palm – Biodiesel 560 
Palm – Ultralow-Sulfur Diesel 370 
Jatropha – Biocrude 560 
Jatropha – Biodiesel 560 
Jatropha – Ultralow-Sulfur Diesel 373 
Biocrude – Ultralow-Sulfur Diesel 373 
Biodiesel – Ultralow-Sulfur Diesel 371 

 
 

 
 

Figure 2.5-2. Hi-pour fuel oil–crude palm oil blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 8 days after stirring, held at 75°F. 

 
 
 Figure 2.5-4 shows photos of a blend of hi-pour fuel oil and biocrude derived from animal 
renderings. Figure 2.5-4a shows this blend immediately after stirring, Figure 2.5-4b shows this 
blend 25 min after stirring, and Figure 2.5-4c shows this blend 8 days after stirring. While initially 
this blend was resistant to stirring on the magnetic stir plate, a little manual stirring was sufficient 
to get it moving. This is most likely due to the high wax content of both the hi-pour fuel oil and 
biocrude derived from animal renderings. This combined wax content would make this a poor fuel 
blend at ambient temperatures. 
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Figure 2.5-3. Hi-pour fuel oil–crude jatropha oil blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 556 days after stirring, held at 75°F. 

 
 

 
 
Figure 2.5-4. Hi-pour fuel oil–biocrude blend: a) immediately after 5 min of stirring, b) 25 min 

after stirring, and c) 8 days after stirring, held at 75°F. 
 
 
 Figure 2.5-5 shows photos of a blend of hi-pour fuel oil and biodiesel (refined biocrude). 
Figure 2.5-5a shows this blend immediately after stirring, Figure 2.5-5b shows this blend  
25 min after stirring, and Figure 2.5-5c shows this blend 9 days after stirring. This blend was easily 
mixed and was completely miscible; in fact, addition of the biodiesel lowered the viscosity of the 
blend as compared to the hi-pour fuel oil. At ambient temperatures, based on the viscosity and 
miscibility, this would be a good fuel blend. 
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Figure 2.5-5. Hi-pour fuel oil–biodiesel blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 9 days after stirring, held at 75°F. 

 
 
 Figure 2.5-6 shows photos of a blend of hi-pour fuel oil and ultralow-sulfur diesel.  
Figure 2.5-6a shows this blend immediately after stirring, Figure 2.5-6b shows this blend 25 min 
after stirring, and Figure 2.5-6c shows this blend 9 days after stirring. This blend was easily mixed 
and completely miscible; again, the addition of the ultralow-sulfur diesel lowered the viscosity of 
the hi-pour fuel oil. Based on the miscibility and the viscosity, this would be a good fuel blend at 
ambient temperatures. 
 
 Figure 2.5-7 shows photos of a blend of lo-pour fuel oil and crude palm oil after attempted 
blending. Figure 2.5-7a shows the blend immediately after attempted blending, and Figure 2.5-7b 
shows the blend 492 days after attempted blending. This mixture resisted blending, even manually,  
 
 

 
 

Figure 2.5-6. Hi-pour fuel oil–ultralow-sulfur diesel blend: a) immediately after 5 min of stirring, 
b) 25 min after stirring, and c) 9 days after stirring, held at 75°F. 
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Figure 2.5-7. Lo-pour fuel oil–crude palm oil blend: a) immediately after attempted blending and 
b) 492 days after attempted blending, held at 75°F. 

 
 
and had the approximate consistency of cottage cheese. However, during storage, the two oils 
mixed together. This may be caused by the high concentration of saturated fatty acids and 
monounsaturated oleic acid of the palm oil, which may have increased its polarity above that of 
the lo-pour fuel oil. Regardless, because of the high viscosity and low initial miscibility, this would 
be a poor fuel blend at ambient temperatures. 
 
 Figure 2.5-8 shows photos of a blend of lo-pour fuel oil and crude jatropha oil.  
Figure 2.5-8a shows this blend immediately after stirring, Figure 2.5-8b shows this blend 25 min 
after stirring, and Figure 2.5-8c shows this blend 492 days after stirring. This blend was easily 
mixed and completely miscible; in fact, the crude jatropha oil qualitatively improved the viscosity 
of the lo-pour fuel oil. At ambient temperatures, this would be a good fuel. The qualitative viscosity 
of the blend did not change during storage. This indicates no formation of sludge or gels that would 
be evidence of chemical change, implying that this blend had an acceptable shelf life. 
 
 

 
 

Figure 2.5-8. Lo-pour fuel oil–crude jatropha oil blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 492 days after stirring, held at 75°F.  
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 Figure 2.5-9 shows photos of a blend of lo-pour fuel oil and biocrude from animal 
renderings. Figure 2.5-9a shows this blend immediately after stirring, Figure 2.5-9b shows this 
blend 25 min after stirring, and Figure 2.5-9c shows this blend 374 days after stirring. This blend 
was initially resistant to mechanical stirring on the magnetic stir plate, although a little manual 
stirring was sufficient to overcome this. This is most likely due to the high wax content of both the 
hi-pour fuel oil and biocrude derived from animal renderings. This combined wax content, along 
with ambiguity about whether any waxes settled to the bottom of the jar in which it was stored 
because of the opacity of the hi-pour fuel oil, would make this a poor fuel blend at ambient 
temperatures. 
 
 Figure 2.5-10 shows photos of a blend of lo-pour fuel oil and biodiesel (refined biocrude). 
Figure 2.5-10a shows this blend immediately after stirring, Figure 2.5-10b shows this blend  
25 min after stirring, and Figure 2.5-10c shows this blend 492 days after stirring. This blend was 
easily mixed and completely miscible; in fact, the addition of the biodiesel lowered the viscosity 
of the blend as compared to the lo-pour fuel oil. At ambient temperatures, this would be a good 
fuel. The qualitative viscosity of the blend did not change during storage. This indicates no 
formation of sludge or gels that would be evidence of chemical change, implying that this blend 
had an acceptable shelf life. 
 
 Figure 2.5-11 shows photos of a blend of lo-pour fuel oil and ultralow-sulfur diesel.  
Figure 2.5-11a shows this blend immediately after stirring, Figure 2.5-11b shows this blend  
25 min after stirring, and Figure 2.5-11c shows this blend 374 days after stirring. This blend was 
easily mixed and completely miscible; in fact, the addition of the ultralow-sulfur diesel lowered 
the viscosity of the blend as opposed to the lo-pour fuel oil. At ambient temperatures, this would 
be a good fuel. The qualitative viscosity of the blend did not change during storage. This indicates 
no formation of sludge or gels that would be evidence of chemical change, implying that this blend 
had an acceptable shelf life. 
 
 

 
 

Figure 2.5-9. Lo-pour fuel oil–biocrude blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 374 days after stirring, held at 75°F. 
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Figure 2.5-10. Lo-pour fuel oil–biodiesel blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 492 days after stirring, held at 75°F. 

 
 

 
 

Figure 2.5-11. Lo-pour fuel oil–ultralow-sulfur diesel blend: a) immediately after 5 min of 
stirring, b) 25 min after stirring, and c) 374 days after stirring, held at 75°F. 

 
 
 Figure 2.5-12 shows photos of a blend of crude palm oil and crude jatropha oil.  
Figure 2.5-12a shows this blend immediately after stirring, Figure 2.5-12b shows this blend  
25 min after stirring, and Figure 2.5-12c shows this blend 567 days after stirring. Immediately after 
stirring, the two oils appeared well-mixed; however, as soon as 25 min later, palm solids, which 
are primarily waxes, had already begun to settle out of solution. This indicates that, in the absence 
of constant stirring, a layer of solids could settle out in a storage tank. Over time, this layer of 
solids could plug the tank outlet, leading to additional maintenance costs. If the solids settled in a 
pipeline, they could plug the pipeline or lead to favorable environments for pitting or erosion 
corrosion. Thus this blend is marginally acceptable because of the risk of waxes settling out of 
solution. 
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Figure 2.5-12. Crude palm oil–crude jatropha oil blend: a) immediately after 5 min of stirring, 
b) 25 min after stirring, and c) 567 days after stirring, held at 75°F. 

 
 
 Figure 2.5-13 shows photos of a blend of crude palm oil and biocrude from animal 
renderings. Figure 2.5-13a shows this blend immediately after stirring, Figure 2.5-13b shows this 
blend 25 min after stirring, and Figure 2.5-13c shows this blend 560 days after stirring. There is a 
high concentration of solids in this oil blend, making it fairly viscous. This is especially clear in 
Figure 2.5-13c, where a large amount of solids have settled to the bottom of the jar. In the absence 
of constant stirring, a layer of solids could settle out in a storage tank. Over time, this layer of 
solids could plug the tank outlet, leading to additional maintenance costs. If the solids settled in a 
pipeline, they could plug the pipeline or lead to favorable environments for pitting or erosion 
corrosion. Thus this blend is marginally acceptable because of the risk of waxes settling out of 
solution. 
 
 

 
 

Figure 2.5-13. Crude palm oil–biocrude blend: a) immediately after  
5 min of stirring, b) 25 min after stirring, and c) 560 days after stirring, held at 75°F. 
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 Figure 2.5-14 shows photos of a blend of crude palm oil and biodiesel (refined biocrude). 
Figure 2.5-14a shows this blend immediately after stirring, Figure 2.5-14b shows this blend  
25 min after stirring, and Figure 2.5-14 shows this blend 560 days after stirring. In less than  
25 min after stirring, a layer of palm solids settled to the bottom of the beaker. In a fuel tank, this 
could lead to problems with solids settling out, leading to long-term issues such as poor tank 
drainage and additional maintenance costs. In the absence of constant stirring, a layer of solids 
could settle out in a storage tank. Over time, this layer of solids could plug the tank outlet, leading 
to additional maintenance costs. If the solids settled in a pipeline, they could plug the pipeline or 
lead to favorable environments for pitting or erosion corrosion. Thus this blend is marginally 
acceptable because of the risk of waxes settling out of solution. 
 
 Figure 2.5-15 shows photos of a blend of crude palm oil and ultralow-sulfur diesel.  
Figure 2.5-15a shows this blend immediately after stirring, Figure 2.5-15b shows this blend  
25 min after stirring, and Figure 2.5-15c shows this blend 370 days after stirring. The whole 
blended fuel turned into a thick sludge. Upon initial addition of the diesel to the palm oil, the 
mixture cooled by 6°F. Since this behavior was not observed with any other oil blend, it was 
conjectured that some sort of endothermic reaction took place between these oils. 
 
 Figure 2.5-16 shows photos of a blend of crude jatropha oil and biocrude derived from 
animal renderings. Figure 2.5-16a shows this blend immediately after stirring, Figure 2.5-16b 
shows this blend 25 min after stirring, and Figure 2.5-16c shows this blend 560 days after stirring. 
Addition of jatropha oil to biocrude derived from animal renderings improved the viscosity as 
compared to the biocrude alone, but the high concentration of solids in biocrude could still 
potentially lead to processing problems, such as poor tank drainage, in an unheated and unstirred 
worst-case scenario. Thus this blend is marginally acceptable because of the risk of solids settling 
and leading to pitting, erosion corrosion, and increased maintenance costs due to plugging. 
 
 

 
 

Figure 2.5-14. Crude palm oil–biodiesel blend: a) immediately after  
5 min of stirring, b) 25 min after stirring, and c) 560 days after stirring, held at 75°F. 
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Figure 2.5-15. Crude palm oil–ultralow-sulfur diesel blend: a) immediately after 5 min of 
stirring, b) 25 min after stirring, and c) 370 days after stirring, held at 75°F. 

 
 

 
 

Figure 2.5-16. Crude jatropha oil–biocrude blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 560 days after stirring, held at 75°F. 

 
 
 Figure 2.5-17 shows photos of a blend of crude jatropha oil and biodiesel (refined biocrude). 
Figure 2.5-17a shows this blend immediately after stirring, Figure 2.5-17b shows this blend  
25 min after stirring, and Figure 2.5-17c shows this blend 560 days after stirring. This blend could 
be easily mixed, had low viscosity, was completely miscible, and had no solids settling. Thus this 
blend would be a good fuel at ambient temperatures. 
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Figure 2.5-17. Crude jatropha oil–biodiesel blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 560 days after stirring, held at 75°F. 

 
 
 Figure 2.5-18 shows photos of a blend of crude jatropha oil and ultralow-sulfur diesel.  
Figure 2.5-18a shows this blend immediately after stirring, Figure 2.5-18b shows this blend  
25 min after stirring, and Figure 2.5-18c shows this blend 373 days after stirring. This blend could 
be easily mixed, had low viscosity, was completely miscible, and had no solids settling. Thus this 
blend would be a good fuel at ambient temperatures. 
 
 Figure 2.5-19 shows photos of a blend of biocrude derived from animal renderings and 
ultralow-sulfur diesel. Figure 2.5-19a shows this blend immediately after stirring, Figure 2.5-19b 
shows this blend 25 min after stirring, and Figure 2.5-19c shows this blend 373 days after stirring. 
Within 25 min, a layer of biocrude-derived solids began settling out of solution. These solids could 
pose processing problems, such as poor tank drainage, in an unheated worst-case scenario. Thus 
this blend is marginally acceptable because of the risk of solids settling and leading to pitting, 
erosion corrosion, and increased maintenance costs due to plugging. 
 

 
 

Figure 2.5-18. Crude jatropha oil–ultralow-sulfur diesel blend: a) immediately after 5 min of 
stirring, b) 25 min after stirring, and c) 373 days after stirring, held at 75°F. 
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Figure 2.5-19. Biocrude–ultralow-sulfur diesel blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 373 days after stirring, held at 75°F. 

 
 
 Figure 2.5-20 shows photos of a blend of biodiesel (refined biocrude) and ultralow-sulfur 
diesel. Figure 2.5-20a shows this blend immediately after stirring, Figure 2.5-20b shows this blend 
25 min after stirring, and Figure 2.5-20c shows this blend 371 days after stirring. This blend could 
be easily mixed, had low viscosity, was completely miscible, and had no solids settling. Thus this 
blend would be a good fuel at ambient temperatures. 
 

Oils Blended at 170°F 
 
 This blending temperature is approximately equal to the average temperature of oil storage 
tanks in industry. Table 2.5-7 shows the elapsed time between initial blending and final photos of 
each oil blend. This indicates how long a blend was held at 170°F. 
 
 Figure 2.5-21 shows photos of a blend of hi-pour fuel oil and crude palm oil. Figure 2.5-21a 
shows this blend immediately after stirring, Figure 2.5-21b shows this blend 25 min after stirring, 
and Figure 2.5-21c shows this blend 2 days after stirring. This blend could be easily mixed, had 
low viscosity, and was completely miscible. Thus this blend would be a good fuel at 170°F. 
 
 Figure 2.5-22 shows photos of a blend of hi-pour fuel oil and crude jatropha oil.  
Figure 2.5-22a shows this blend immediately after stirring, Figure 2.5-22b shows this blend  
25 min after stirring, and Figure 2.5-22c shows this blend 2 days after stirring. This blend could 
be easily mixed, had low viscosity, and was completely miscible. Thus this blend would be a good 
fuel at 170°F. 
 
 Figure 2.5-23 shows photos of a blend of hi-pour fuel oil and biocrude derived from animal 
renderings. Figure 2.5-23a shows this blend immediately after stirring, Figure 2.5-23b shows this 
blend 25 min after stirring, and Figure 2.5-23c shows this blend 2 days after stirring. This blend 
could be easily mixed, had low viscosity, and was completely miscible. Thus this blend would be 
a good fuel at 170°F. 
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Figure 2.5-20. Biodiesel–ultralow-sulfur diesel blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 371 days after stirring, held at 75°F. 

 
 

Table 2.5-7. Elapsed Time Between Blending and Final Photos, 170°F 
Oil Blend Elapsed Time, days 
Hi-Pour–Palm 2 
Hi-Pour–Jatropha 2 
Hi-Pour–Biocrude 2 
Hi-Pour–Biodiesel 2 
Hi-Pour–Ultralow-Sulfur Diesel 2 
Lo-Pour–Palm 4 
Lo-Pour–Jatropha 4 
Lo-Pour–Biocrude 4 
Lo-Pour–Biodiesel 5 
Lo-Pour–Ultralow-Sulfur Diesel 5 
Palm–Jatropha 5 
Palm–Biocrude 5 
Palm–Biodiesel 5 
Palm–Ultralow-Sulfur Diesel 6 
Jatropha–Biocrude 6 
Jatropha–Biodiesel 6 
Jatropha–Ultralow-Sulfur Diesel 6 
Biocrude–Ultralow-Sulfur Diesel 6 
Biodiesel–Ultralow-Sulfur Diesel 6 

 
 
 Figure 2.5-24 shows photos of a blend of hi-pour fuel oil and biodiesel (refined biocrude). 
Figure 2.5-24a shows this blend immediately after stirring, Figure 2.5-24b shows this blend  
25 min after stirring, and Figure 2.5-24c shows this blend 2 days after stirring. This blend could 
be easily mixed, had low viscosity, and was completely miscible. Thus this blend would be a good 
fuel at 170°F. 
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Figure 2.5-21. Hi-pour fuel oil–crude palm oil blend: a) immediately after  
5 min of stirring, b) 25 min after stirring, and c) 2 days after stirring, held at 170°F. 

 

 
 

Figure 2.5-22. Hi-pour fuel oil–crude jatropha oil blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 2 days after stirring, held at 170°F. 

 

 
 

Figure 2.5-23. Hi-pour fuel oil–biocrude blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 2 days after stirring, held at 170°F. 
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Figure 2.5-24. Hi-pour fuel oil–biodiesel blend: a) immediately after 5 min of stirring, b) 25 min 
after stirring, and c) 2 days after stirring, held at 170°F. 

 
 
 Figure 2.5-25 shows photos of a blend of hi-pour fuel oil and ultralow-sulfur diesel.  
Figure 2.5-25a shows this blend immediately after stirring, Figure 2.5-25b shows this blend  
25 min after stirring, and Figure 2.5-25c shows this blend 2 days after stirring. This blend could 
be easily mixed, had low viscosity, and was completely miscible. Thus this blend would be a good 
fuel at 170°F. 
 
 Figure 2.5-26 shows photos of a blend of lo-pour fuel oil and crude palm oil. Figure 2.5-26a 
shows this blend immediately after stirring, Figure 2.5-26b shows this blend 25 min after stirring, 
and Figure 2.5-26c shows this blend 4 days after stirring. This blend could be easily mixed, had 
low viscosity, and was completely miscible. Thus this blend would be a good fuel at 170°F. 
 
 

 
 

Figure 2.5-25. Hi-pour fuel oil–ultralow-sulfur diesel blend: a) immediately after 5 min of 
stirring, b) 25 min after stirring, and c) 2 days after stirring, held at 170°F. 
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Figure 2.5-26. Lo-pour fuel oil–crude palm oil blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 4 days after stirring, held at 170°F. 

 
 
 Figure 2.5-27 shows photos of a blend of lo-pour fuel oil and crude jatropha oil.  
Figure 2.5-27a shows this blend immediately after stirring, Figure 2.5-27b shows this blend  
25 min after stirring, and Figure 2.5-27c shows this blend 4 days after stirring. This blend could 
be easily mixed, had low viscosity, and was completely miscible. Thus this blend would be a good 
fuel at 170°F. 
 
 Figure 2.5-28 shows photos of a blend of lo-pour fuel oil and biocrude derived from animal 
renderings. Figure 2.5-28a shows this blend immediately after stirring, Figure 2.5-28b shows this 
blend 25 min after stirring, and Figure 2.5-28c shows this blend 4 days after stirring. This blend 
could be easily mixed, had low viscosity, and was completely miscible. Thus this blend would be 
a good fuel at 170°F. 
 
 

 
 
Figure 2.5-27. Lo-pour fuel oil–crude jatropha oil blend: a) immediately after 5 min of stirring, 

b) 25 min after stirring, and c) 4 days after stirring, held at 170°F. 
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Figure 2.5-28. Lo-pour fuel oil–biocrude blend: a) immediately after 5 min of stirring, b) 25 min 
after stirring, and c) 4 days after stirring, held at 170°F. 

 
 
 Figure 2.5-29 shows photos of a blend of lo-pour fuel oil and biodiesel (refined biocrude). 
Figure 2.5-29a shows this blend immediately after stirring, Figure 2.5-29b shows this blend  
25 min after stirring, and Figure 2.5-29c shows this blend 5 days after stirring. This blend could 
be easily mixed, had low viscosity, and was completely miscible. Thus this blend would be a good 
fuel at 170°F. 
 
 Figure 2.5-30 shows photos of a blend of lo-pour fuel oil and ultralow-sulfur diesel.  
Figure 2.5-30a shows this blend immediately after stirring, Figure 2.5-30b shows this blend  
25 min after stirring, and Figure 2.5-30c shows this blend 5 days after stirring. This blend could 
be easily mixed, had low viscosity, and was completely miscible. Thus this blend would be a good 
fuel at 170°F. 
 
 

 
 
Figure 2.5-29. Lo-pour fuel oil–biodiesel blend: a) immediately after 5 min of stirring, b) 25 min 

after stirring, and c) 5 days after stirring, held at 170°F. 
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Figure 2.5-30. Lo-pour fuel oil–ultralow-sulfur diesel blend: a) immediately after 5 min of 
stirring, b) 25 min after stirring, and c) 5 days after stirring, held at 170°F. 

 
 
 Figure 2.5-31 shows photos of a blend of crude palm oil and crude jatropha oil.  
Figure 2.5-31a shows this blend immediately after stirring, Figure 2.5-31b shows this blend  
25 min after stirring, and Figure 2.5-31c shows this blend 5 days after stirring. This blend could 
be easily mixed, had low viscosity, was completely miscible, and had zero solids settling. Thus 
this blend would be a good fuel at 170°F. 
 
 Figure 2.5-32 shows photos of a blend of crude palm oil and biocrude derived from animal 
renderings. Figure 2.5-32a shows this blend immediately after stirring, Figure 2.5-32b shows this 
blend 25 min after stirring, and Figure 2.5-32c shows this blend 5 days after stirring. This blend 
could be easily mixed, had low viscosity, was completely miscible, and had zero solids settling. 
Thus this blend would be a good fuel at 170°F. 
 
 

 
 

Figure 2.5-31. Crude palm oil–crude jatropha oil blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 5 days after stirring, held at 170°F. 
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Figure 2.5-32. Crude palm oil–biocrude blend: a) immediately after 5 min of stirring, b) 25 min 
after stirring, and c) 5 days after stirring, held at 170°F. 

 
 
 Figure 2.5-33 shows photos of a blend of crude palm oil and biodiesel (refined biocrude). 
Figure 2.5-33a shows this blend immediately after stirring, Figure 2.5-33b shows this blend  
25 min after stirring, and Figure 2.5-33c shows this blend 5 days after stirring. This blend could 
be easily mixed, had low viscosity, was completely miscible, and had zero solids settling. Thus 
this blend would be a good fuel at 170°F. 
 
 Figure 2.5-34 shows photos of a blend of crude palm oil and ultralow-sulfur diesel.  
Figure 2.5-34a shows this blend immediately after stirring, Figure 2.5-34b shows this blend  
25 min after stirring, and Figure 2.5-34c shows this blend 6 days after stirring. This blend could 
be easily mixed, had low viscosity, was completely miscible, and had zero solids settling. Thus 
this blend would be a good fuel at 170°F. 
 
 

 
 

Figure 2.5-33. Crude palm oil–biodiesel blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 5 days after stirring, held at 170°F. 
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Figure 2.5-34. Crude palm oil–ultralow-sulfur diesel blend: a) immediately after 5 min of 
stirring, b) 25 min after stirring, and c) 6 days after stirring, held at 170°F. 

 
 
 Figure 2.5-35 shows photos of a blend of crude jatropha oil and biocrude derived from 
animal renderings. Figure 2.5-35a shows this blend immediately after stirring, Figure 2.5-35b 
shows this blend 25 min after stirring, and Figure 2.5-35c shows this blend 6 days after stirring. 
This blend could be easily mixed, had low viscosity, was completely miscible, and had zero solids 
settling. Thus this blend would be a good fuel at 170°F. 
 
 Figure 2.5-36 shows photos of a blend of crude jatropha oil and biodiesel (refined biocrude). 
Figure 2.5-36a shows this blend immediately after stirring, Figure 2.5-36b shows this blend  
25 min after stirring, and Figure 2.5-36c shows this blend 6 days after stirring. This blend could 
be easily mixed, had low viscosity, was completely miscible, and had zero solids settling. Thus 
this blend would be a good fuel at 170°F. 
 
 

 
 

Figure 2.5-35. Crude jatropha oil–biocrude blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 6 days after stirring, held at 170°F. 
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Figure 2.5-36. Crude jatropha oil–biodiesel blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 6 days after stirring, held at 170°F. 

 
 
 Figure 2.5-37 shows photos of a blend of crude jatropha oil and ultralow-sulfur diesel.  
Figure 2.5-37a shows this blend immediately after stirring, Figure 2.5-37b shows this blend  
25 min after stirring, and Figure 2.5-37c shows this blend 6 days after stirring. This blend could 
be easily mixed, had low viscosity, was completely miscible, and had zero solids settling. Thus 
this blend would be a good fuel at 170°F. 
 
 Figure 2.5-38 shows photos of a blend of biocrude derived from animal renderings and 
ultralow-sulfur diesel. Figure 2.5-38a shows this blend immediately after stirring, Figure 2.5-38b 
shows this blend 25 min after stirring, and Figure 2.5-38c shows this blend 6 days after stirring. 
This blend could be easily mixed, had low viscosity, was completely miscible, and had zero solids 
settling. Thus this blend would be a good fuel at 170°F. 
 
 

 
 

Figure 2.5-37. Crude jatropha oil–ultralow-sulfur diesel blend: a) immediately after 5 min of 
stirring, b) 25 min after stirring, and c) 6 days after stirring, held at 170°F. 
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Figure 2.5-38. Biocrude–ultralow-sulfur diesel blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 6 days after stirring, held at 170°F. 

 
 
 Figure 2.5-39 shows photos of a blend of biodiesel (refined biocrude) and ultralow-sulfur 
diesel. Figure 2.5-39a shows this blend immediately after stirring, Figure 2.5-39b shows this blend 
25 min after stirring, and Figure 2.5-39c shows this blend 6 days after stirring. This blend could 
be easily mixed, had low viscosity, was completely miscible, and had zero solids settling. Thus 
this blend would be a good fuel at 170°F. 
 

Oils Blended at 220°F 
 
 This blending temperature is approximately equal to the temperature to which industry heats 
the oils before firing them. It is also greater than the boiling point of water, so any water in the oils 
should be driven off. 
 
 

 
 

Figure 2.5-39. Biodiesel–ultralow-sulfur diesel blend: a) immediately after 5 min of stirring, 
b) 25 min after stirring, and c) 6 days after stirring, held at 170°F. 
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 Table 2.5-8 shows the elapsed time between initial blending and final photos of each oil 
blend. This indicates how long a blend was held at 220°F. 
 
 Figure 2.5-40 shows photos of a blend of hi-pour fuel oil and crude palm oil. Figure 2.5-40a 
shows this blend immediately after stirring, Figure 2.5-40b shows this blend 25 min after stirring, 
and Figure 2.5-40c shows this blend 3 days after stirring. This blend could be easily mixed, had 
low viscosity, and was completely miscible. Thus this blend would be a good fuel at 220°F. 
 
 Figure 2.5-41 shows photos of a blend of hi-pour fuel oil and crude jatropha oil.  
Figure 2.5-41a shows this blend immediately after stirring, Figure 2.5-41b shows this blend  
25 min after stirring, and Figure 2.5-41c shows this blend 3 days after stirring. This blend could 
be easily mixed, had low viscosity, and was completely miscible. Thus this blend would be a good 
fuel at 220°F. 
 
 Figure 2.5-42 shows photos of a blend of hi-pour fuel oil and biocrude derived from animal 
renderings. Figure 2.5-42a shows this blend immediately after stirring, Figure 2.5-42b shows this 
blend 25 min after stirring, and Figure 2.5-42c shows this blend 3 days after stirring. This blend 
could be easily mixed, had low viscosity, and was completely miscible. Thus this blend would be 
a good fuel at 220°F. 
 
 

Table 2.5-8. Elapsed Time Between Blending and Final Photos, 220°F 
Oil Blend Elapsed Time, days 
Hi-Pour–Palm 3 
Hi-Pour–Jatropha 3 
Hi-Pour–Biocrude 3 
Hi-Pour–Biodiesel 3 
Hi-Pour–Ultralow-Sulfur Diesel 3 
Lo-Pour–Palm 3 
Lo-Pour–Jatropha 3 
Lo-Pour–Biocrude 4 
Lo-Pour–Biodiesel 4 
Lo-Pour–Ultralow-Sulfur Diesel 4 
Palm–Jatropha 5 
Palm–Biocrude 5 
Palm–Biodiesel 5 
Palm–Ultralow-Sulfur Diesel 5 
Jatropha–Biocrude 6 
Jatropha–Biodiesel 6 
Jatropha–Ultralow-Sulfur Diesel 6 
Biocrude–Ultralow-Sulfur Diesel 6 
Biodiesel–Ultralow-Sulfur Diesel 6 
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Figure 2.5-40. Hi-pour fuel oil–crude palm oil blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 3 days after stirring, held at 220°F. 

 

 
 

Figure 2.5-41. Hi-pour fuel oil–crude jatropha oil blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 3 days after stirring, held at 220°F. 

 

 
 

Figure 2.5-42. Hi-pour fuel oil–biocrude blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 3 days after stirring, held at 220°F. 
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 Figure 2.5-43 shows photos of a blend of hi-pour fuel oil and biodiesel (refined biocrude). 
Figure 2.5-43a shows this blend immediately after stirring, Figure 2.5-43b shows this blend  
25 min after stirring, and Figure 2.5-43c shows this blend 3 days after stirring. This blend could 
be easily mixed, had low viscosity, and was completely miscible. Thus this blend would be a good 
fuel at 220°F. 
 
 Figure 2.5-44 shows photos of a blend of hi-pour fuel oil and ultralow-sulfur diesel.  
Figure 2.5-44a shows this blend immediately after stirring, Figure 2.5-44b shows this blend  
25 min after stirring, and Figure 2.5-44c shows this blend 3 days after stirring. This blend smoked 
slightly, both while being stirred and in the initial 25 min it was maintained at 220°F after stirring. 
Since this behavior was not observed with any other blends containing hi-pour fuel oil, the smoke  
 
 

 
 

Figure 2.5-43. Hi-pour fuel oil–biodiesel blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 3 days after stirring, held at 220°F. 

 
 

 
 

Figure 2.5-44. Hi-pour fuel oil–ultralow-sulfur diesel blend: a) immediately after 5 min of 
stirring, b) 25 min after stirring, and c) 3 days after stirring, held at 220°F. 
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was likely caused by the ultralow-sulfur diesel, which was blended without any additives to 
improve its performance. This behavior may be improved by the addition of a cetane number 
improver, which would reduce smoke (www.chevron.com/documents/pdf/DieselFuelTech 
Review.pdf). Because of the smoke emitted by the blend, in the absence of a cetane number 
improver, this blend is marginally acceptable. 
 
 Figure 2.5-45 shows photos of a blend of lo-pour fuel oil and crude palm oil. Figure 2.5-45a 
shows this blend immediately after stirring, Figure 2.5-45b shows this blend 25 min after stirring, 
and Figure 2.5-45c shows this blend 3 days after stirring. This blend could be easily mixed, had 
low viscosity, and was completely miscible. Thus this blend would be a good fuel at 220°F. 
 
 Figure 2.5-46 shows photos of a blend of lo-pour fuel oil and crude jatropha oil.  
Figure 2.5-46a shows this blend immediately after stirring, Figure 2.5-46b shows this blend  
25 min after stirring, and Figure 2.5-46c shows this blend 3 days after stirring. This blend could 
be easily mixed, had low viscosity, and was completely miscible. Thus this blend would be a good 
fuel at 220°F. 
 
 Figure 2.5-47 shows photos of a blend of lo-pour fuel oil and biocrude derived from animal 
renderings. Figure 2.5-47a shows this blend immediately after stirring, Figure 2.5-47b shows this 
blend 25 min after stirring, and Figure 2.5-47c shows this blend 4 days after stirring. This blend 
could be easily mixed, had low viscosity, and was completely miscible. Thus this blend would be 
a good fuel at 220°F. 
 
 Figure 2.5-48 shows photos of a blend of lo-pour fuel oil and biodiesel (refined biocrude).  
Figure 2.5-48a shows this blend immediately after stirring, Figure 2.5-48b shows this blend  
25 min after stirring, and Figure 2.5-48c shows this blend 4 days after stirring. This blend could 
be easily mixed, had low viscosity, and was completely miscible. Thus this blend would be a good 
fuel at 220°F. 
 
 

 
 

Figure 2.5-45. Lo-pour fuel oil–crude palm oil blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 3 days after stirring, held at 220°F. 
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Figure 2.5-46. Lo-pour fuel oil–crude jatropha oil blend: a) immediately after 5 min of stirring, 
b) 25 min after stirring, and c) 3 days after stirring, held at 220°F. 

 

 
 

Figure 2.5-47. Lo-pour fuel oil–biocrude blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 4 days after stirring, held at 220°F. 

 

 
 

Figure 2.5-48. Lo-pour fuel oil–biodiesel blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 4 days after stirring, held at 220°F.  
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 Figure 2.5-49 shows photos of a blend of lo-pour fuel oil and ultralow-sulfur diesel.  
Figure 2.5-49a shows this blend immediately after stirring, Figure 2.5-49b shows this blend  
25 min after stirring, and Figure 2.5-49c shows this blend 4 days after stirring. This blend smoked 
heavily, both while being stirred and in the initial 25 min after stirring. Since this behavior was not 
observed with any other blends containing lo-pour fuel oil, the smoke was likely caused by the 
ultralow-sulfur diesel, which was blended without any additives to improve its performance. This 
behavior may be improved by the addition of a cetane number improver, which would reduce 
smoke (www.chevron.com/documents/pdf/DieselFuelTechReview.pdf). Because of the smoke 
emitted by the blend, in the absence of a cetane number improver, this blend is marginally 
acceptable. 
 
 Figure 2.5-50 shows photos of a blend of crude palm oil and crude jatropha oil.  
Figure 2.5-50a shows this blend immediately after stirring, Figure 2.5-50b shows this blend  
25 min after stirring, and Figure 2.5-50c shows this blend 5 days after stirring. This blend could 
be easily mixed, had low viscosity, was completely miscible, and had zero solids settling out of 
solution. Thus this blend would be a good fuel at 220°F. 
 
 Figure 2.5-51 shows photos of a blend of crude palm oil and biocrude derived from animal 
renderings. Figure 2.5-51a shows this blend immediately after stirring, Figure 2.5-51b shows this 
blend 25 min after stirring, and Figure 2.5-51c shows this blend 5 days after stirring. A thin film 
appeared on the bottom of the beaker within 25 min after it was stirred. Since this film was not 
observed with any other blends containing crude palm oil, it was conjectured that this was caused 
by the biocrude derived from animal renderings. It is conjectured that this film resulted from the 
semipolymerization of the biocrude. This could lead to favorable environments for crevice 
corrosion or pitting. Because of the semipolymerized oil, this blend is marginally acceptable. 
 
 

 
 

Figure 2.5-49. Lo-pour fuel oil–ultralow-sulfur diesel blend: a) immediately after 5 min of 
stirring, b) 25 min after stirring, and c) 4 days after stirring, held at 220°F. 
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Figure 2.5-50. Crude palm oil–crude jatropha oil blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 5 days after stirring, held at 220°F. 

 
 

 
 

Figure 2.5-51. Crude palm oil–biocrude blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 5 days after stirring, held at 220°F. 

 
 
 Figure 2.5-52 shows photos of a blend of crude palm oil and biodiesel (refined biocrude). 
Figure 2.5-52a shows this blend immediately after stirring, Figure 2.5-52b shows this blend  
25 min after stirring, and Figure 2.5-52c shows this blend 5 days after stirring. This blend could 
be easily mixed, had low viscosity, was completely miscible, and had zero solids settling out of 
solution. Thus this blend would be a good fuel at 220°F. 
 
 Figure 2.5-53 shows photos of a blend of crude palm oil and ultralow-sulfur diesel.  
Figure 2.5-53a shows this blend immediately after stirring, Figure 2.5-53b shows this blend  
25 min after stirring, and Figure 2.5-53c shows this blend 5 days after stirring. This blend smoked 
slightly, both while being stirred and in the initial 25 min after stirring. Since this behavior was 
not observed with any other blends containing lo-pour fuel oil, the smoke was likely caused by the 
ultralow-sulfur diesel, which was blended without any additives to improve its performance. This  
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Figure 2.5-52. Crude palm oil–biodiesel blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 5 days after stirring, held at 220°F. 

 

 
 

Figure 2.5-53. Crude palm oil–ultralow-sulfur diesel blend: a) immediately after 5 min of 
stirring, b) 25 min after stirring, and c) 5 days after stirring, held at 220°F. 

 
 
behavior may be improved by the addition of a cetane number improver, which would reduce 
smoke (www.chevron.com/documents/pdf/DieselFuelTechReview.pdf). Because of the smoke 
emitted by the blend, in the absence of a cetane number improver, this blend is marginally 
acceptable. 
 
 Figure 2.5-54 shows photos of a blend of crude jatropha oil and biocrude derived from 
animal renderings. Figure 2.5-54a shows this blend immediately after stirring, Figure 2.5-54b 
shows this blend 25 min after stirring, and Figure 2.5-54c shows this blend 6 days after stirring. A 
thin film appeared on the bottom of the beaker within 25 min after it was stirred. Since this film 
was not observed with any other blends containing crude jatropha oil, it was conjectured that this 
was caused by the biocrude derived from animal renderings. It is conjectured that this film resulted 
from the semipolymerization of the biocrude. This could lead to favorable environments for 
crevice corrosion or pitting. Because of the semipolymerized oil, this blend is marginally 
acceptable. 



2.5-45 

 
 

Figure 2.5-54. Crude jatropha oil–biocrude blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 6 days after stirring, held at 220°F. 

 
 
 Figure 2.5-55 shows photos of a blend of crude jatropha oil and biodiesel (refined biocrude). 
Figure 2.5-55a shows this blend immediately after stirring, Figure 2.5-55b shows this blend  
25 min after stirring, and Figure 2.5-55c shows this blend 6 days after stirring. This blend could 
be easily mixed, had low viscosity, was completely miscible, and had zero solids settling out of 
solution. Thus this blend would be a good fuel at 220°F.  
 
 Figure 2.5-56 shows photos of a blend of crude jatropha oil and ultralow-sulfur diesel.  
Figure 2.5-56a shows this blend immediately after stirring, Figure 2.5-56b shows this blend  
25 min after stirring, and Figure 2.5-56c shows this blend 6 days after stirring. This blend smoked 
slightly, both while being stirred and in the initial 25 min after stirring. Since this behavior was 
not observed with any other blends containing crude jatropha oil, the smoke was  
 
 

 
 

Figure 2.5-55. Crude jatropha oil–biodiesel blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 6 days after stirring, held at 220°F. 
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Figure 2.5-56. Crude jatropha oil–ultralow-sulfur diesel blend: a) immediately after 5 min of 
stirring, b) 25 min after stirring, and c) 6 days after stirring, held at 220°F. 

 
 
likely caused by the ultralow-sulfur diesel, which was blended without any additives to improve 
its performance. This behavior may be improved by the addition of a cetane number improver, 
which would reduce smoke (www.chevron.com/documents/pdf/DieselFuelTechReview.pdf). 
Because of the smoke emitted by the blend, in the absence of a cetane number improver, this blend 
is marginally acceptable. 
 
 Figure 2.5-57 shows photos of a blend of biocrude derived from animal renderings and 
ultralow-sulfur diesel. Figure 2.5-57a shows this blend immediately after stirring, Figure 2.5-56b 
shows this blend 25 min after stirring, and Figure 2.5-57c shows this blend 6 days after stirring. A 
thin film appeared on the bottom of the beaker within 25 min after it was stirred. Since this film 
was not observed with any other blends containing ultralow-sulfur diesel, it was conjectured that 
this was caused by the biocrude derived from animal renderings. It is conjectured that this film 
resulted from the semipolymerization of the biocrude. This could lead to favorable environments 
for crevice corrosion or pitting. Because of the semipolymerized oil, this blend is marginally 
acceptable. 
 

 
 

Figure 2.5-57. Biocrude–ultralow-sulfur diesel blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 6 days after stirring, held at 220°F. 
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 Figure 2.5-58 shows photos of a blend of biodiesel (refined biocrude) and ultralow-sulfur 
diesel. Figure 2.5-58a shows this blend immediately after stirring, Figure 2.5-58b shows this blend  
25 min after stirring, and Figure 2.5-58c shows this blend 6 days after stirring. This blend smoked 
slightly, both while being stirred and in the initial 25 min it was maintained at 220°F after stirring. 
Since this behavior was not observed with any other blends containing biodiesel, the smoke was 
likely caused by the ultralow-sulfur diesel, which was blended without any additives to improve 
its performance. This behavior may be improved by the addition of a cetane number improver, 
which would reduce smoke (www.chevron.com/documents/pdf/DieselFuelTechReview.pdf). 
Because of the smoke emitted by the blend, in the absence of a cetane number improver, this blend 
is marginally acceptable. 
 

Cooling Oil Blends from 170° to 75°F 
 
 All the oils blended at 170°F were cooled overnight to 75°F and were allowed to settle for  
8 days. This represents a worst-case scenario for industry where the heating on the storage tanks 
would fail and oil blends would cool, potentially creating a situation where solids could settle or 
sludgelike compounds could form. 
 
 Figure 2.5-59 shows photos of a blend of hi-pour fuel oil and crude palm oil after it was 
cooled. Figure 2.5-59a shows the blend sitting flat on the table, and Figure 2.5-59b shows the same 
blend tilted at an angle to indicate the viscosity of the blend. This cooled blend was thicker than 
the heated fuel blend; qualitatively the viscosity was similar to that of refrigerated vegetable oil. 
However, this viscosity was not dissimilar to that of the same oils blended at 75°F, indicating that 
heating the oils did not significantly change their overall properties. Nevertheless, the high opacity 
of the fuel oil may have obscured any qualitatively observable changes, such as solids settling out 
of solution. 
 
 Figure 2.5-60 shows photos of a blend of hi-pour fuel oil and crude jatropha oil after it was 
cooled. Figure 2.5-60a shows the blend sitting flat on the table, and Figure 2.5-60b shows the same  
 
 

 
 

Figure 2.5-58. Biodiesel–ultralow-sulfur diesel blend: a) immediately after 5 min of stirring,  
b) 25 min after stirring, and c) 6 days after stirring, held at 220°F. 
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Figure 2.5-59. Hi-pour fuel oil–crude palm oil blend, cooled from 170° to 75°F: a) sitting flat 
and b) tilted at an angle. 

 
 

 
 
Figure 2.5-60. Hi-pour fuel oil–crude jatropha oil blend, cooled from 170° to 75°F: a) sitting flat 

and b) tilted at an angle. 
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blend tilted at an angle to indicate the viscosity of the blend. There was no difference between the 
viscosity of the cooled blend and the viscosity of the same oils blended at 75°F, indicating that 
heating the oils did not significantly change their properties. Thus this cooled blend of oils is 
acceptable. 
 
 Figure 2.5-61 shows photos of a blend of hi-pour fuel oil and biocrude derived from animal 
renderings after it was cooled. Figure 2.5-61a shows the blend sitting flat on the table, and  
Figure 2.5-61b shows the same blend tilted at an angle to indicate the viscosity of the blend. The 
qualitative viscosity of the cooled fuel blend was slightly lower than that of the same oils blended 
at 75°F. However, the high opacity of the fuel oil may be obscuring any qualitatively observable 
changes, such as solids settling out of solution. 
 
 Figure 2.5-62 shows photos of a blend of hi-pour fuel oil and biodiesel (refined biocrude) 
after it was cooled. Figure 2.5-62a shows the blend sitting flat on the table, and Figure 2.5-62b 
shows the same blend tilted at an angle to indicate the viscosity of the blend. There was no 
difference between the viscosity of the cooled blend and the viscosity of the same oils blended at 
75°F, indicating that heating the oils did not significantly change their properties. Thus this cooled 
blend of oils is acceptable. 
 
 Figure 2.5-63 shows photos of a blend of hi-pour fuel oil and ultralow-sulfur diesel after it 
was cooled. Figure 2.5-63a shows the blend sitting flat on the table, and Figure 2.5-63b shows the 
same blend tilted at an angle to indicate the viscosity of the blend. There was no difference between 
the viscosity of the cooled blend and the viscosity of the same oils blended at 75°F, indicating that 
heating the oils did not significantly change their properties. Thus this cooled blend of oils is 
acceptable. 
 
 

 
 

Figure 2.5-61. Hi-pour fuel oil–biocrude blend, cooled from 170° to 75°F: a) sitting flat and  
b) tilted at an angle. 
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Figure 2.5-62. Hi-pour fuel oil–biodiesel blend, cooled from 170° to 75°F: a) sitting flat and  
b) tilted at an angle. 

 
 

 
 

Figure 2.5-63. Hi-pour fuel oil–ultralow-sulfur diesel blend, cooled from 170° to 75°F:  
a) sitting flat and b) tilted at an angle. 
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 Figure 2.5-64 shows photos of a blend of lo-pour fuel oil and crude palm oil after it was 
cooled. Figure 2.5-64a shows the blend sitting flat on the table, and Figure 2.5-64b shows the same 
blend tilted at an angle to indicate the viscosity of the blend. The qualitative viscosity of the cooled 
fuel blend was significantly lower than the initial viscosity of the same oils blended at 75°F. 
However, the high opacity of the fuel oil may be obscuring any qualitatively observable changes, 
such as palm solids settling out of solution.  
 
 Figure 2.5-65 shows photos of a blend of lo-pour fuel oil and crude jatropha oil after it was 
cooled. Figure 2.5-65a shows the blend sitting flat on the table, and Figure 2.5-65b shows the same 
blend tilted at an angle to indicate the viscosity of the blend. There was no difference between the 
viscosity of the cooled blend and the viscosity of the same oils blended at 75°F, indicating that 
heating the oils did not significantly change their properties. Thus this cooled blend of oils is 
acceptable. 
 
 Figure 2.5-66 shows photos of a blend of lo-pour fuel oil and biocrude derived from animal 
renderings after it was cooled. Figure 2.5-66a shows the blend sitting flat on the table, and  
Figure 2.5-66b shows the same blend tilted at an angle to indicate the viscosity of the blend. The 
qualitative viscosity of the cooled fuel blend was similar to that of the same oils blended at 75°F. 
However, the high opacity of the fuel oil may be obscuring any qualitatively observable changes, 
such as solids settling out of solution. 
 
 Figure 2.5-67 shows photos of a blend of lo-pour fuel oil and biodiesel (refined biocrude) 
after it was cooled. Figure 2.5-67a shows the blend sitting flat on the table, and Figure 2.5-67b 
shows the same blend tilted at an angle to indicate the viscosity of the blend. There was no 
difference between the viscosity of the cooled blend and the viscosity of the same oils blended at 
75°F, indicating that heating the oils did not significantly change their properties. Thus this cooled 
blend of oils is acceptable. 
 

 
 

Figure 2.5-64. Lo-pour fuel oil–crude palm oil blend, cooled from 170° to 75°F: a) sitting flat 
and b) tilted at an angle. 
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Figure 2.5-65. Lo-pour fuel oil–crude jatropha oil blend, cooled from 170° to 75°F: a) sitting flat 
and b) tilted at an angle. 

 
 

 
 

Figure 2.5-66. Lo-pour fuel oil–biocrude blend, cooled from 170° to 75°F: a) sitting flat and  
b) tilted at an angle. 
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Figure 2.5-67. Lo-pour fuel oil–biodiesel blend, cooled from 170° to 75°F: a) sitting flat and  
b) tilted at an angle. 

 
 
 Figure 2.5-68 shows photos of a blend of lo-pour fuel oil and ultralow-sulfur diesel after it 
was cooled. Figure 2.5-68a shows the blend sitting flat on the table, and Figure 2.5-68b shows the 
same blend tilted at an angle to indicate the viscosity of the blend. There was no difference between 
the viscosity of the cooled blend and the viscosity of the same oils blended at 75°F, indicating that 
heating the oils did not significantly change their properties. Thus this cooled blend of oils is 
acceptable. 
 
 Figure 2.5-69 shows photos of a blend of crude palm oil and crude jatropha oil after it was 
cooled. Figure 2.5-69a shows the blend sitting flat on the table, and Figure 2.5-69b shows the same 
blend tilted at an angle to indicate the viscosity of the blend. A considerable amount of solids (most 
likely palm-based) settled out of this blend. These solids could lead to favorable conditions for 
crevice corrosion or erosion corrosion or could lead to plugging of tank outlets. Therefore, this 
blend is not acceptable under these cooled conditions. 
 
 Figure 2.5-70 shows photos of a blend of crude palm oil and biocrude derived from animal 
renderings after it was cooled. Figure 2.5-70a shows the blend sitting flat on the table, and  
Figure 2.5-70b shows the same blend tilted at an angle to indicate the viscosity of the blend. This 
blend thickened quite a bit in cooling to the approximate consistency of honey. Overall, the 
viscosity of this cooled blend was higher than that of the same oils blended at 75°F, even though 
solids settled out of the latter blend as well. The thickened oil blend could lead to plugging of 
pipelines or tank outlets. Therefore, this blend is not acceptable under cooled conditions. 
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Figure 2.5-68. Lo-pour fuel oil–ultralow-sulfur diesel blend, cooled from 170° to 75°F:  
a) sitting flat and b) tilted at an angle. 

 
 

 
 
Figure 2.5-69. Crude palm oil–crude jatropha oil blend, cooled from 170° to 75°F: a) sitting flat 

and b) tilted at an angle. 
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Figure 2.5-70. Crude palm oil–biocrude blend, cooled from 170° to 75°F: a) sitting flat and  
b) tilted at an angle. 

 
 
 Figure 2.5-71 shows photos of a blend of crude palm oil and biodiesel (refined biocrude) 
after it was cooled. Figure 2.5-71a shows the blend sitting flat on the table, and Figure 2.5-71b 
shows the same blend tilted at an angle to indicate the viscosity of the blend. A considerable 
amount of solids settled out; the solids at the bottom were more densely packed, while the solids 
nearer the top were less dense. These solids could lead to favorable conditions for crevice corrosion 
or erosion corrosion or could lead to plugging of tank outlets, especially as the solids became more 
densely packed from top to bottom through the blend, which may have been due to the actions of 
gravity. Therefore, this blend is not acceptable under these cooled conditions. 
 
 Figure 2.5-72 shows photos of a blend of crude palm oil and ultralow-sulfur diesel after it 
was cooled. Figure 2.5-72a shows the blend sitting flat on the table, and Figure 2.5-72b shows the 
same blend tilted at an angle to indicate the viscosity of the blend. A layer of moderately dense 
palm solids settled out. These solids could lead to favorable conditions for crevice corrosion or 
erosion corrosion or could lead to plugging of tank outlets, especially as the solids became more 
densely packed from top to bottom through the blend, which may have been due to the actions of 
gravity. Therefore, this blend is not acceptable under these cooled conditions. 
 
 Figure 2.5-73 shows photos of a blend of crude jatropha oil and biocrude derived from 
animal renderings after it was cooled. Figure 2.5-73a shows the blend sitting flat on the table, and 
Figure 2.5-73b shows the same blend tilted at an angle to indicate the viscosity of the blend. A 
layer of moderately packed solids settled out, and more solids were visible throughout the solution. 
These solids could lead to favorable conditions for crevice corrosion or erosion corrosion or could 
lead to plugging of tank outlets, especially as the solids became more densely packed from top to 
bottom through the blend, which may have been due to the actions of gravity. Therefore, this blend 
is not acceptable under these cooled conditions. 
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Figure 2.5-71. Crude palm oil–biodiesel blend, cooled from 170° to 75°F: a) sitting flat and  
b) tilted at an angle. 

 
 

 

 
 

Figure 2.5-72. Crude palm oil–ultralow-sulfur diesel blend, cooled from 170° to 75°F:  
a) sitting flat and b) tilted at an angle. 
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Figure 2.5-73. Crude jatropha oil–biocrude blend, cooled from 170° to 75°F: a) sitting flat and  

b) tilted at an angle. 
 
 
 Figure 2.5-74 shows photos of a blend of crude jatropha oil and biodiesel (refined biocrude) 
after it was cooled. Figure 2.5-74a shows the blend sitting flat on the table, and Figure 2.5-74b 
shows the same blend tilted at an angle to indicate the viscosity of the blend. There was no 
difference between the viscosity of the cooled blend and the viscosity of the same oils blended at 
75°F, indicating that heating the oils did not significantly change their properties. Thus this cooled 
blend of oils is acceptable. 
 
 Figure 2.5-75 shows photos of a blend of crude jatropha oil and ultralow-sulfur diesel after 
it was cooled. Figure 2.5-75a shows the blend sitting flat on the table, and Figure 2.5-75b shows 
the same blend tilted at an angle to indicate the viscosity of the blend. There was no difference 
between the viscosity of the cooled blend and the viscosity of the same oils blended at 75°F, 
indicating that heating the oils did not significantly change their properties. Thus this cooled blend 
of oils is acceptable. 
 
 Figure 2.5-76 shows photos of a blend of biocrude derived from animal renderings and 
ultralow-sulfur diesel after it was cooled. Figure 2.5-76a shows the blend sitting flat on the table, 
and Figure 2.5-76b shows the same blend tilted at an angle to indicate the viscosity of the blend. 
A layer of crystalline solids settled out of solution. These solids could lead to favorable conditions 
for crevice corrosion or erosion corrosion (particularly true for these crystalline solids) or could 
lead to plugging of tank outlets, especially as the solids became more densely packed from top to 
bottom through the blend, which may have been due to the actions of gravity. Therefore, this blend 
is not acceptable under these cooled conditions. 
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Figure 2.5-74. Crude jatropha oil–biodiesel blend, cooled from 170° to 75°F: a) sitting flat and  
b) tilted at an angle. 

 
 
 

 
 

Figure 2.5-75. Crude jatropha oil–ultralow-sulfur diesel blend, cooled from 170° to 75°F:  
a) sitting flat and b) tilted at an angle. 
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Figure 2.5-76. Biocrude–ultralow-sulfur diesel blend, cooled from 170° to 75°F: a) sitting flat 
and b) tilted at an angle. 

 
 
 Figure 2.5-77 shows photos of a blend of biodiesel (refined biocrude) and ultralow-sulfur 
diesel after it was cooled. Figure 2.5-77a shows the blend sitting flat on the table, and  
Figure 2.5-77b shows the same blend tilted at an angle to indicate the viscosity of the blend. There 
was no difference between the viscosity of the cooled blend and the viscosity of the same oils 
blended at 75°F, indicating that heating the oils did not significantly change their properties. Thus 
this cooled blend of oils is acceptable. 
 

Cooling Oil Blends from 220° to 75°F 
 
 All the oils blended at 220°F were cooled overnight to 75°F and allowed to settle for 3 days. 
This represents an unlikely scenario in industry where the heated lines to the furnace would fail 
for some reason and the failure would go unnoticed for an extended period of time. This would 
potentially create a situation where solids would settle or sludgelike compounds would form.  
 
 Figure 2.5-78 shows photos of a blend of hi-pour fuel oil and crude palm oil after it was 
cooled. Figure 2.5-78a shows the blend sitting flat on the table, and Figure 2.5-78b shows the same 
blend tilted at an angle to indicate the viscosity of the blend. This cooled blend was thicker than 
the heated fuel blend; the viscosity was comparable to that of refrigerated vegetable oil, and the 
blend had the approximate consistency of cottage cheese. The thickness of the blend could lead to 
plugging of heated lines or tank outlets. Therefore, this blend is not acceptable under the cooled 
conditions. 
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Figure 2.5-77. Biodiesel–ultralow-sulfur diesel blend, cooled from 170° to 75°F: a) sitting flat 
and b) tilted at an angle. 

 
 

 
 

Figure 2.5-78. Hi-pour fuel oil–crude palm oil blend, cooled from 220° to 75°F: a) sitting flat 
and b) tilted at an angle. 
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 Figure 2.5-79 shows photos of a blend of hi-pour fuel oil and crude jatropha oil after it was 
cooled. Figure 2.5-79a shows the blend sitting flat on the table, and Figure 2.5-79b shows the same 
blend tilted at an angle to indicate the viscosity of the blend. There was no difference between the 
viscosity of the cooled blend and the viscosity of the same oils blended at 75°F, indicating that 
heating the oils did not significantly change their properties. However, the high opacity of the fuel 
oil may be obscuring any qualitatively observable changes, such as palm-based solids settling out 
of solution. 
 
 Figure 2.5-80 shows photos of a blend of hi-pour fuel oil and biocrude derived from animal 
renderings after it was cooled. Figure 2.5-80a shows the blend sitting flat on the table, and  
Figure 2.5-80b shows the same blend tilted at an angle to indicate the viscosity of the blend. The 
qualitative viscosity of the cooled fuel blend was slightly lower than that of the same oils blended 
at 75°F. However, the high opacity of the fuel oil may be obscuring any qualitatively observable 
changes, such as biocrude-based solids settling out of solution. 
 
 Figure 2.5-81 shows photos of a blend of hi-pour fuel oil and biodiesel (refined biocrude) 
after it was cooled. Figure 2.5-81a shows the blend sitting flat on the table, and Figure 2.5-81b 
shows the same blend tilted at an angle to indicate the viscosity of the blend. There was no 
difference between the viscosity of the cooled blend and the viscosity of the same oils blended at 
75°F, indicating that heating the oils did not significantly change their properties. Thus this blend 
of oils is acceptable. 
 
 

 
 
Figure 2.5-79. Hi-pour fuel oil–crude jatropha oil blend, cooled from 220° to 75°F: a) sitting flat 

and b) tilted at an angle. 
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Figure 2.5-80. Hi-pour fuel oil–biocrude blend, cooled from 220° to 75°F: a) sitting flat and  
b) tilted at an angle. 

 
 

 
 

Figure 2.5-81. Hi-pour fuel oil–biodiesel blend, cooled from 220° to 75°F: a) sitting flat and  
b) tilted at an angle. 
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 Figure 2.5-82 shows photos of a blend of hi-pour fuel oil and ultralow-sulfur diesel after it 
was cooled. Figure 2.5-82a shows the blend sitting flat on the table, and Figure 2.5-82b shows the 
same blend tilted at an angle to indicate the viscosity of the blend. There was no difference between 
the viscosity of the cooled blend and the viscosity of the same oils blended at 75°F, indicating that 
heating the oils did not significantly change their properties. Thus this cooled blend of oils is 
acceptable. 
 
 Figure 2.5-83 shows photos of a blend of lo-pour fuel oil and crude palm oil after it was 
cooled. Figure 2.5-83a shows the blend sitting flat on the table, and Figure 2.5-83b shows the same 
blend tilted at an angle to indicate the viscosity of the blend. There was no difference between the 
viscosity of the cooled blend and the viscosity of the same oils blended at 75°F, indicating that 
heating the oils did not significantly change their properties. However, the high opacity of the fuel 
oil may be obscuring any qualitatively observable changes, such as palm-based solids settling out 
of solution. 
 
 Figure 2.5-84 shows photos of a blend of lo-pour fuel oil and crude jatropha oil after it was 
cooled. Figure 2.5-84a shows the blend sitting flat on the table, and Figure 2.5-84b shows the same 
blend tilted at an angle to indicate the viscosity of the blend. There was no difference between the 
viscosity of the cooled blend and the viscosity of the same oils blended at 75°F, indicating that 
heating the oils did not significantly change their properties. Thus this cooled blend of oils is 
acceptable. 
 
 

 
 

Figure 2.5-82. Hi-pour fuel oil–ultralow-sulfur diesel blend, cooled from 220° to 75°F:  
a) sitting flat and b) tilted at an angle. 
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Figure 2.5-83. Lo-pour fuel oil–crude palm oil blend, cooled from 220° to 75°F: a) sitting flat 
and b) tilted at an angle. 

 
 

 
 
Figure 2.5-84. Lo-pour fuel oil–crude jatropha oil blend, cooled from 220° to 75°F: a) sitting flat 

and b) tilted at an angle. 
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 Figure 2.5-85 shows photos of a blend of lo-pour fuel oil and biocrude derived from animal 
renderings after it was cooled. Figure 2.5-85a shows the blend sitting flat on the table, and  
Figure 2.5-85b shows the same blend tilted at an angle to indicate the viscosity of the blend. There 
was no difference between the viscosity of the cooled blend and the viscosity of the same oils 
blended at 75°F, indicating that heating the oils did not significantly change their properties. 
However, the high opacity of the fuel oil may be obscuring any qualitatively observable changes, 
such as biocrude-based solids settling out of solution. 
 
 Figure 2.5-86 shows photos of a blend of lo-pour fuel oil and biodiesel (refined biocrude) 
after it was cooled. Figure 2.5-86a shows the blend sitting flat on the table, and Figure 2.5-86b 
shows the same blend tilted at an angle to indicate the viscosity of the blend. There was no 
difference between the viscosity of the cooled blend and the viscosity of the same oils blended at 
75°F, indicating that heating the oils did not significantly change their properties. Thus this cooled 
blend of oils is acceptable. 
 
 Figure 2.5-87 shows photos of a blend of lo-pour fuel oil and ultralow-sulfur diesel after it 
was cooled. Figure 2.5-87a shows the blend sitting flat on the table, and Figure 2.5-87b shows the 
same blend tilted at an angle to indicate the viscosity of the blend. There was no difference between 
the viscosity of the cooled blend and the viscosity of the same oils blended at 75°F, indicating that 
heating the oils did not significantly change their properties. Thus this cooled blend of oils is 
acceptable. 
 

 
 

Figure 2.5-85. Lo-pour fuel oil–biocrude blend, cooled from 220° to 75°F: a) sitting flat and  
b) tilted at an angle. 
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Figure 2.5-86. Lo-pour fuel oil–biodiesel blend, cooled from 220° to 75°F: a) sitting flat and  
b) tilted at an angle. 

 
 

 
 

Figure 2.5-87. Lo-pour fuel oil–ultralow-sulfur diesel blend, cooled from 220° to 75°F:  
a) sitting flat and b) tilted at an angle. 
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 Figure 2.5-88 shows photos of a blend of crude palm oil and crude jatropha oil after it was 
cooled. Figure 2.5-88a shows the blend sitting flat on the table, and Figure 2.5-88b shows the same 
blend tilted at an angle to indicate the viscosity of the blend. A large amount of solids settled out 
of this fuel blend, but they were not especially dense. However, under the right circumstances, 
they could still create environments suitable for erosion corrosion or perhaps crevice corrosion if 
they built up in a dead leg of piping. Therefore, this cooled blend is marginally acceptable. 
 
 Figure 2.5-89 shows photos of a blend of crude palm oil and biocrude derived from animal 
renderings after it was cooled. Figure 2.5-89a shows the blend sitting flat on the table, and  
Figure 2.5-89b shows the same blend tilted at an angle to indicate the viscosity of the blend. The 
whole blend became a sludge comprised of congealed palm and biocrude solids. The thickness of 
the blend could lead to plugging of heated lines or tank outlets. Therefore, this blend is not 
acceptable under the cooled conditions. 
 
 Figure 2.5-90 shows photos of a blend of crude palm oil and biodiesel (refined biocrude) 
after it was cooled. Figure 2.5-90a shows the blend sitting flat on the table, and Figure 2.5-90b 
shows the same blend tilted at an angle to indicate the viscosity of the blend. Some loosely packed 
solids settled out of this blend. Under the right circumstances, these solids could still create 
environments suitable for erosion corrosion or perhaps crevice corrosion if they built up in a dead 
leg of piping. The solids could also plug pipelines or, more likely, tank outlets, leading to additional 
maintenance costs. Therefore, this cooled blend is marginally acceptable. 
 
 

 
 
Figure 2.5-88. Crude palm oil–crude jatropha oil blend, cooled from 220° to 75°F: a) sitting flat 

and b) tilted at an angle. 
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Figure 2.5-89. Crude palm oil–biocrude blend, cooled from 220° to 75°F: a) sitting flat and  
b) tilted at an angle. 

 
 

 
 

Figure 2.5-90. Crude palm oil–biodiesel blend, cooled from 220° to 75°F: a) sitting flat and  
b) tilted at an angle. 
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 Figure 2.5-91 shows photos of a blend of crude palm oil and ultralow-sulfur diesel after it 
was cooled. Figure 2.5-91a shows the blend sitting flat on the table, and Figure 2.5-91b shows the 
same blend tilted at an angle to indicate the viscosity of the blend. A layer of loosely packed solids 
settled out of the blend. Under the right circumstances, these solids could still create environments 
suitable for erosion corrosion or perhaps crevice corrosion if they built up in a dead leg of piping. 
The solids could also plug pipelines or, more likely, tank outlets, leading to additional maintenance 
costs. Therefore, this cooled blend is marginally acceptable. 
 
 Figure 2.5-92 shows a blend of crude jatropha oil and biocrude derived from animal 
renderings after it was cooled. Figure 2.5-92a shows the blend sitting flat on the table, and  
Figure 2.5-92b shows the same blend tilted at an angle to indicate the viscosity of the blend. A 
large quantity of low-density solids settled out of the blend. Under the right circumstances, these 
solids could still create environments suitable for erosion corrosion or perhaps crevice corrosion 
if they built up in a dead leg of piping. Therefore, this cooled blend is marginally acceptable. 
 
 Figure 2.5-93 shows a blend of crude jatropha oil and biodiesel (refined biocrude) after it 
was cooled. Figure 2.5-93a shows the blend sitting flat on the table, and Figure 2.5-93b shows the 
same blend tilted at an angle to indicate the viscosity of the blend. There was no difference between 
the viscosity of the cooled blend and the viscosity of the same oils blended at 75°F, indicating that 
heating the oils did not significantly change their properties. Thus this cooled blend of oils is 
acceptable. 
 
 

 
 

Figure 2.5-91. Crude palm oil–ultralow-sulfur diesel blend, cooled from 220° to 75°F:  
a) sitting flat and b) tilted at an angle. 
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Figure 2.5-92. Crude jatropha oil–biocrude blend, cooled from 220° to 75°F: a) sitting flat and  
b) tilted at an angle. 

 
 
 

 
 

Figure 2.5-93. Crude jatropha oil–biodiesel blend, cooled from 220° to 75°F: a) sitting flat and  
b) tilted at an angle. 
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 Figure 2.5-94 shows a blend of crude jatropha oil and ultralow-sulfur diesel after it was 
cooled. Figure 2.5-94a shows the blend sitting flat on the table, and Figure 2.5-94b shows the same 
blend tilted at an angle to indicate the viscosity of the blend. There was no difference between the 
viscosity of the cooled blend and the viscosity of the same oils blended at 75°F, indicating that 
heating the oils did not significantly change their properties. Thus this cooled blend of oils is 
acceptable. 
 
 Figure 2.5-95 shows a blend of biocrude derived from animal renderings and ultralow-sulfur 
diesel after it was cooled. Figure 2.5-95a shows the blend sitting flat on the table, and Figure 2.5-
95b shows the same blend tilted at an angle to indicate the viscosity of the blend. There was no 
difference between the viscosity of the cooled blend and the viscosity of the same oils blended at 
75°F, indicating that heating the oils did not significantly change their properties. Thus this cooled 
blend of oils is acceptable. 
 
 Figure 2.5-96 shows a blend of biodiesel (refined biocrude) and ultralow-sulfur diesel after 
it was cooled. Figure 2.5-96a shows the blend sitting flat on the table, and Figure 2.5-96b shows 
the same blend tilted at an angle to indicate the viscosity of the blend. There was no difference 
between the viscosity of the cooled blend and the viscosity of the same oils blended at 75°F, 
indicating that heating the oils did not significantly change their properties. Thus this cooled blend 
of oils is acceptable. 
 
 

 
 

Figure 2.5-94. Crude jatropha oil–ultralow-sulfur diesel blend, cooled from 220° to 75°F:  
a) sitting flat and b) tilted at an angle. 
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Figure 2.5-95. Biocrude–ultralow-sulfur diesel blend, cooled from 220° to 75°F: a) sitting flat 
and b) tilted at an angle. 

 

 
 

Figure 2.5-96. Biodiesel–ultralow-sulfur diesel blend, cooled from 220° to 75°F: a) sitting flat 
and b) tilted at an angle. 
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Aggregate Photos of Oil Blends 
 
 Figure 2.5-97 shows a blend of hi-pour fuel oil and crude palm oil. These oils were resistant 
to blending at 75°F, but were fully miscible at 170° and 220°F. In addition, these oil blends are 
highly opaque and darkly colored, contributing to difficulty in determining whether palm solids 
settled out of solution, especially in the blends that were cooled from 170° and 220°F to 75°F. 
These oils are unlikely to store and pump well, especially if heating on the tanks or pipelines fails. 
 
 Figure 2.5-98 shows a blend of hi-pour fuel oil and crude jatropha oil. These oils were fully 
miscible at all three testing temperatures. However, these oil blends are highly opaque and darkly 
colored, contributing to difficulty in determining whether any solids settled out of solution, 
especially in the blends which were cooled from 170° and 220°F to 75°F. It is thought that this 
would be unlikely because of the low wax content of the crude jatropha oil. Given these factors, 
this blend is likely to store and pump well. 
 
 Figure 2.5-99 shows a blend of hi-pour fuel oil and biocrude derived from animal renderings. 
These oils were resistant to blending at 75°F, but were fully miscible at 170° and 220°F. In 
addition, these oil blends are highly opaque and darkly colored, contributing to difficulty in 
determining whether biocrude-derived solids settled out of solution, especially in the blends which 
were cooled from 170° and 220°F to 75°F. These oils may store and pump well, but this is a little 
unclear because of the aforementioned difficulty in determining whether any solids settled out of 
the mixture. 
 
 

 
 

Figure 2.5-97. Hi-pour fuel oil–crude palm oil blend. In order from left to right, original blend 
temperatures were 75°, 170°, and 220°F. All blends have been photographed at 75°F. 
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Figure 2.5-98. Hi-pour fuel oil–crude jatropha oil blend. In order from left to right, original blend 
temperatures were 75°, 170°, and 220°F. All blends have been photographed at 75°F. 

 
 

 
 

Figure 2.5-99. Hi-pour fuel oil–biocrude blend. In order from left to right, original blend 
temperatures were 75°, 170°, and 220°F. All blends have been photographed at 75°F. 
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 Figure 2.5-100 shows a blend of hi-pour fuel oil and biodiesel (refined biocrude). These oils 
were fully miscible at all three testing temperatures. However, these oil blends are highly opaque 
and darkly colored, contributing to difficulty in determining whether any solids settled out of 
solution, especially in the blends which were cooled from 170° and 220°F to 75°F. It is thought 
that this would be unlikely because of the low wax content of the biodiesel. Given these factors, 
this blend is likely to store and pump well. 
 
 Figure 2.5-101 shows a blend of hi-pour fuel oil and ultralow-sulfur diesel. These oils were 
fully miscible at all three testing temperatures; however, this blend smoked at 220°F. In addition, 
these oil blends are highly opaque and darkly colored, contributing to difficulty in determining 
whether any solids settled out of solution, especially in the blends that were cooled from 170° and 
220°F to 75°F. It is thought that this would be unlikely because of the low wax content of the 
ultralow-sulfur diesel. Given these factors, this blend is likely to store and pump well, especially 
with the addition of a cetane number improver. The improver would have the added effect of 
enhancing its combustion characteristics by raising the cetane number. 
 
 Figure 2.5-102 shows a blend of lo-pour fuel oil and crude palm oil. These oils were resistant 
to blending at 75°F, but were fully miscible at 170° and 220°F. In addition, these oil blends are 
highly opaque and darkly colored, contributing to difficulty in determining whether palm solids 
settled out of solution, especially in the blends which were cooled from 170° and 220°F to 75°F. 
These oils are unlikely to store and pump well, especially if heating on the tanks or pipelines fails. 
 
 

 
 

Figure 2.5-100. Hi-pour fuel oil–biodiesel blend. In order from left to right, original blend 
temperatures were 75°, 170°, and 220°F. All blends have been photographed at 75°F. 
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Figure 2.5-101. Hi-pour fuel oil–ultralow-sulfur diesel blend. In order from left to right, original 
blend temperatures were 75°, 170°, and 220°F. All blends were photographed at 75°F. 

 
 

 
 

Figure 2.5-102. Lo-pour fuel oil–crude palm oil blend. In order from left to right, original blend 
temperatures were 75°, 170°, and 220°F. All blends were photographed at 75°F. 
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 Figure 2.5-103 shows a blend of lo-pour fuel oil and crude jatropha oil. These oils were fully 
miscible at all three testing temperatures. However, these oil blends are highly opaque and darkly 
colored, contributing to difficulty in determining whether any solids settled out of solution, 
especially in the blends which were cooled from 170° and 220°F to 75°F. It is thought that this 
would be unlikely because of the low wax content of the crude jatropha oil. Given these factors, 
this blend is likely to store and pump well. 
 
 Figure 2.5-104 shows a blend of lo-pour fuel oil and biocrude derived from animal 
renderings. These oils were resistant to blending at 75°F, but were fully miscible at 170° and 
220°F. In addition, these oil blends are highly opaque and darkly colored, contributing to difficulty 
in determining whether biocrude-derived solids settled out of solution, especially in the blends 
which were cooled from 170° and 220°F to 75°F. These oils may store and pump well, but this is 
a little unclear because of the aforementioned difficulty in determining whether any solids settled 
out of the mixture. 
 
 Figure 2.5-105 shows a blend of lo-pour fuel oil and biodiesel. These oils were fully miscible 
at all three testing temperatures. However, these oil blends are highly opaque and darkly colored, 
contributing to difficulty in determining whether any solids settled out of solution, especially in 
the blends which were cooled from 170° and 220°F to 75°F. It is thought that this would be unlikely 
because of the low wax content of the biodiesel. Given these factors, this blend is likely to store 
and pump well. 
 
 

 
 

Figure 2.5-103. Lo-pour fuel oil–crude jatropha oil blend. In order from left to right, original 
blend temperatures were 75°, 170°, and 220°F. All blends were photographed at 75°F. 
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Figure 2.5-104. Lo-pour fuel oil–biocrude blend. In order from left to right, original blend 
temperatures were 75°, 170°, and 220°F. All blends were photographed at 75°F. 

 
 

 
 

Figure 2.5-105. Lo-pour fuel oil–biodiesel blend. In order from left to right, original blend 
temperatures were 75°, 170°, and 220°F. All blends were photographed at 75°F. 
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 Figure 2.5-106 shows a blend of lo-pour fuel oil and ultralow-sulfur diesel. These oils were 
fully miscible at all three testing temperatures; however, this blend smoked at 220°F. In addition, 
these oil blends are highly opaque and darkly colored, contributing to difficulty in determining 
whether any solids settled out of solution, especially in the blends which were cooled from  
170° and 220°F to 75°F. It is thought that this would be unlikely because of the low wax content 
of the ultralow-sulfur diesel. Given these factors, this blend is likely to store and pump well, 
especially with the addition of a cetane number improver. The improver would have the added 
effect of enhancing its combustion characteristics by raising the cetane number. 
 
 Figure 2.5-107 shows a blend of crude palm oil and crude jatropha oil. Solids tended to settle 
out of this mixture at 75°F; however, this problem was not observed at 170° and 220°F. When the 
mixtures blended at 170° and 220°F were cooled to 75°F, solids settled out of the blends. If heat 
is not lost in the storage tanks and pipelines, this blend will pump and store well; however, if heat 
is lost, this blend may not pump or store well. 
 
 Figure 2.5-108 shows a blend of crude palm oil and biocrude derived from animal 
renderings. A significant amount of solids settled out of this mixture at 75°F. At 220°F, a layer of 
semipolymerized biocrude oil formed on the bottom of the beaker within 25 min of stirring at 
temperature. However, these problems were not observed at 170°F. When the blends at 170° and 
220°F were cooled to 75°F, solids settled out of the mixtures. Given these factors, this blend is 
unlikely to pump and store well. 
 
 

 
 

Figure 2.5-106. Lo-pour fuel oil–ultralow-sulfur diesel blend. In order from left to right, original 
blend temperatures were 75°, 170°, and 220°F. All blends were photographed at 75°F. 
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Figure 2.5-107. Crude palm oil–crude jatropha oil blend. In order from left to right, original 
blend temperatures were 75°, 170°, and 220°F. All blends were photographed at 75°F. 

 
 

 
 

Figure 2.5-108. Crude palm oil–biocrude blend. In order from left to right, original blend 
temperatures were 75°, 170°, and 220°F. All blends were photographed at 75°F. 
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 Figure 2.5-109 shows a blend of crude palm oil and biodiesel (refined biocrude). A 
significant amount of solids settled out of this mixture at 75°F. However, this problem was not 
observed at 170° or 220°F. When the blends at 170°  and 220°F were cooled to 75°F, solids settled 
out of the mixtures. This blend may pump and store well if heating is not lost in the storage tanks 
or pipelines. 
 
 Figure 2.5-110 shows a blend of crude palm oil and ultralow-sulfur diesel. The blend at 75°F 
became a sludge; however, solids did not settle out of the blends at 170° and 220°F. In addition, 
this blend smoked at 220°F. Solids settled out of the blends which were cooled from 170° and 
220°F to 75°F. Given these factors, this blend is unlikely to store and pump well. 
 
 Figure 2.5-111 shows a blend of crude jatropha oil and biocrude derived from animal 
renderings. A significant amount of solids settled out of this mixture at 75°F. This problem was 
not observed at 170° or 220°F; however, a film of semipolymerized oil formed on the beaker at 
220°F. When the blends at 170° and 220°F were cooled to 75°F, solids settled out of the mixtures. 
Given these factors, this oil may not pump or store well. 
 
 Figure 2.5-112 shows a blend of crude jatropha oil and biodiesel (refined biocrude). These 
oils were fully miscible, completely mixed, and had zero solids settling at 75°, 170°, and 220°F. 
In addition, no solids settled out of the mixtures when the blends were cooled from 170° and 220°F 
to 75°F. This blend would pump and store well. 
 
 

 
 

Figure 2.5-109. Crude palm oil–biodiesel blend. In order from left to right, original blend 
temperatures were 75°, 170°, and 220°F. All blends were photographed at 75°F. 
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Figure 2.5-110. Crude palm oil–ultralow-sulfur diesel blend. In order from left to right, original 

blend temperatures were 75°, 170°, and 220°F. All blends were photographed at 75°F. 
 
 

 
 

Figure 2.5-111. Crude jatropha oil–biocrude blend. In order from left to right, original blend 
temperatures were 75°, 170°, and 220°F. All blends were photographed at 75°F. 
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Figure 2.5-112. Crude jatropha oil–biodiesel blend. In order from left to right, original blend 
temperatures were 75°, 170°, and 220°F. All blends were photographed at 75°F. 

 
 
 Figure 2.5-113 shows a blend of crude jatropha oil and ultralow-sulfur diesel. These oils 
were fully miscible, completely mixed, and had zero solids settling at 75°, 170°, and 220°F. 
However, this blend smoked at 220°F. Given these factors, this blend may store and pump well, 
especially with the addition of a cetane number improver. 
 
 Figure 2.5-114 shows a blend of biocrude derived from animal renderings and ultralow-
sulfur diesel. A significant amount of solids settled out of this mixture at 75°F. This problem was 
not observed at 170° or 220°F; however, a film of semipolymerized oil formed on the beaker at 
220°F. When the blend at 170°F was cooled to 75°F, solids settled out of the mixture. This settling 
behavior was not observed in the blend cooled from 220° to 75°F. Given these factors, this oil may 
pump and store well, especially if adequate heating in the storage tanks and pipelines is maintained. 
 
 Figure 2.5-115 shows a blend of biodiesel (refined biocrude) and ultralow-sulfur diesel. 
These oils were fully miscible, completely mixed, and had zero solids settling at 75°, 170°, and 
220°F. However, this blend smoked at 220°F. Given these factors, this blend may store and pump 
well, especially with the addition of a cetane number improver. 
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Figure 2.5-113. Crude jatropha oil–ultralow-sulfur diesel blend. In order from left to right, 
original blend temperatures were 75°, 170°, and 220°F. All blends were photographed at 75°F. 

 
 

 
 
Figure 2.5-114. Biocrude–ultralow-sulfur diesel blend. In order from left to right, original blend 

temperatures were 75°, 170°, and 220°F. All blends were photographed at 75°F. 
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Figure 2.5-115. Biodiesel–ultralow-sulfur diesel blend. In order from left to right, original blend 

temperatures were 75°, 170°, and 220°F. All blends were photographed at 75°F.  
 
 

Characterization of Pure Fuels and Fuel Blends 
 

Pour Points 
 
 Pour points were analyzed for six blends: crude jatropha oil–biodiesel (refined biocrude), 
crude jatropha oil–biocrude derived from animal renderings, crude palm oil–biocrude derived from 
animal renderings, crude jatropha oil–crude palm oil, crude palm oil–biodiesel (refined biocrude), 
and hi-pour fuel oil–crude jatropha oil. The reported pour points are listed in Table 2.5-9. 
 
 These pour points indicate that all these blends would be pourable—and therefore  
pumpable—at ambient temperatures, but would not pour or pump at colder temperatures without 
heat-tracing on the pipelines. However, many of these blends have entrained waxes, and these 
waxes can interfere with reported pour points on this apparatus, especially if they settle to the 
bottom of the sample cup and the pour point of the liquid above is measured. In addition, the 
optical nature of this measurement method adds to the difficulty in determining pour points of 
darkly colored blends, such as the hi-pour fuel oil–crude jatropha oil blend. 
 

Flash Points 
 
 Six fuel blends were tested for flash point: crude jatropha oil–biodiesel (refined biocrude), 
crude jatropha oil–biocrude derived from animal renderings, crude palm oil–biocrude derived from  
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Table 2.5-9. Pour Points of Selected Fuel Blends 
Fuel Blend Pour Point, ±5°F 
Crude Jatropha Oil–Biodiesel (refined biocrude) 45 
Crude Jatropha Oil–Biocrude Derived from Animal Renderings 20 
Biocrude Derived from Animal Renderings–Crude Palm Oil 40 
Crude Jatropha Oil–Crude Palm Oil 30 
Crude Palm Oil–Biodiesel (refined biocrude) 35 
Hi-Pour Fuel Oil–Crude Jatropha Oil 40 

 
 
animal renderings, crude jatropha oil–crude palm oil, crude palm oil–biodiesel (refined biocrude), 
and hi-pour fuel oil–crude jatropha oil. While this analyzer is reported in the documentation to be 
able to determine flash points as high as 266°F, because of equipment failure, the analyzer did not 
heat above 155°F during testing. Therefore, since none of the blends flashed at 155°F or lower, it 
can be determined that all six of the blends had flash points in excess of 155°F, although how 
much in excess cannot be determined. 
 

Cloud Points 
 
 Cloud points were measured using a proprietary method. Table 2.5-10 shows the cloud 
points for selected pure oils and oil blends. Some oils and blends had a wax content too low to 
have a discernable cloud point using the aforementioned method. While this method, which more 
properly measures the wax appearance temperature, is conservative insofar as the exact 
temperatures where problems will be observed, a few trends do stand out. At ambient temperatures, 
 
 
Table 2.5-10. Cloud Points of Selected Oils and Oil Blends 
Oil–Oil Blend Wax Appearance Temperature, °F 
Crude Jatropha Oil–Biodiesel  
  (refined biocrude) 

Not observed 

Biocrude Derived from Animal Renderings– 
  Crude Palm Oil 

81.1 ± 0.1 

Crude Jatropha Oil–Crude Palm Oil 73.2 
Biocrude Derived from Animal Renderings– 
  Crude Jatropha Oil 

71.2 ± 1.8 

Crude Palm Oil–Biodiesel (refined biocrude) 80.1 
Hi-Pour Fuel Oil–Crude Jatropha Oil 150.8 ± 4.6 
Crude Palm Oil 73.4 ± 3.7 
Biodiesel (refined biocrude) Not observed 
Biocrude Derived from Animal Renderings 79.5 ± 2.0 
Lo-Pour Fuel Oil 144.3 ± 6.1 
Hi-Pour Fuel Oil 116.2 ± 7.0 
Crude Jatropha Oil Not observed 
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fuels and fuel blends with wax appearance temperatures ranging from approximately 70° to 80°F 
will have little to no problems with filter clogging. However, fuels and fuel blends with higher 
wax appearance temperatures, i.e., those containing lo-pour fuel oil and hi-pour fuel oil, may 
experience issues with filters or orifices clogging or pipeline or heat exchanger fouling due to 
accumulation on cold surfaces. In addition, it was observed that the hi-pour fuel oil–crude jatropha 
oil blend had a higher wax appearance than that of either the hi-pour fuel oil or the crude jatropha 
oil (for which a wax appearance temperature was not observed). 
 

Proximate and Ultimate Analysis 
 
 Table 2.5-11 shows the proximate and ultimate analysis for the pure oils. As these properties 
are additive, values for the blends may be calculated based upon the properties of the parent fuels. 
Moisture was determined by Karl Fischer titration. The moisture values indicate that, while many 
of the oils would present no problem for normal use, the biocrude derived from animal renderings 
and lo-pour fuel oil would need drying before use.  
 
 
Table 2.5-11. Proximate and Ultimate Analysis of Pure Oils, as-determined basis 
 

Biocrude Biodiesel 
Hi-Pour 
Fuel Oil 

Crude 
Jatropha 

Oil 
Lo-Pour 
Fuel Oil 

Crude 
Palm Oil 

Proximate Analysis 
Moisture, % 0 0 0 0 0 0 
Volatile  
  Matter, % 

0 0 0 0 0 0 

Fixed Carbon 
  (Ind), % 

100 100 100 100 100 100 

Ash, % 0 0 0 0 0 0 
Ultimate Analysis 

Hydrogen, % 11.5 12.3 9.1 11.7 8.1 11.6 
Carbon, % 75.7 77.1 87.0 77.5 84.3 76.3 
Nitrogen, % 0.10 0.01 0.50 0.01 0.70 0.20 
Sulfur, % 0.002 0.01 0.30 0.01 0.40 0.01 
Oxygen  
  (Ind), % 

12.7 10.6 3.1 10.8 6.6 11.9 

Ash, % 0 0 0 0 0 0 
 
Heating 
Value, Btu/lb 

16,650 17,068 18,712 16,922 18,603 16,942 

 
Notes Karl 

Fischer 
water = 
1.2118% 

Karl 
Fischer 
water = 
0.0417% 

Karl 
Fischer 
water = 
0.1024% 

Karl 
Fischer 
water = 
0.0640% 

Karl 
Fischer 
water = 
1.1525% 

Karl 
Fischer 
water = 
0.0847% 
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Corrosion Test Results 
 
 Samples of 304 stainless steel, brass, 316 stainless steel, mild steel, and 410 stainless steel 
were exposed to pure samples of lo-pour fuel oil, hi-pour fuel oil, crude palm oil, crude jatropha 
oil, biocrude derived from animal renderings, biodiesel (refined biocrude), and ultralow-sulfur 
diesel at a temperature of 175°F. Samples were exposed for a total of 98 days and were removed 
every 14 days for inspection. 
 
 The metal samples were photographed prior to exposure to the pure oils and each time they 
were removed from the oven. In addition, the masses of the metal samples were recorded each 
time they were removed from the oven. 
 
 Figure 2.5-116 shows the metal samples prior to exposure to the pure oils. Within each metal 
type, Sample 1 was immersed in hi-pour fuel oil, Sample 2 was immersed in lo-pour fuel oil, 
Sample 3 was immersed in ultralow-sulfur diesel, Sample 4 was immersed in crude palm oil, 
Sample 5 was immersed in crude jatropha oil, Sample 6 was immersed in biocrude derived from 
animal renderings, and Sample 7 was immersed in biodiesel (refined biocrude). All corrosion 
products were removed to the extent possible to allow measurement of the weight loss. 
 
 Figure 2.5-117 shows the metal samples after 336 hr (approximately 2 weeks) of exposure 
to the pure oils. All corrosion products were removed to the extent possible to allow measurement 
of the weight loss. Within the 304 stainless steel, mild steel, and 410 stainless steel samples, 
discoloration on Samples 1 and 2 was due to the nature of the hi-pour and lo-pour fuel oils rather 
than any corrosive activity. Within the brass samples, the greatest corrosion was observe on 
Sample 6 (biocrude derived from animal renderings), while lesser corrosion was observed on 
Sample 4 (crude palm oil).  
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Figure 2.5-116. Metal samples, 0 hr of exposure to pure oils: a) 304 stainless steel, b) brass,  
c) 316 stainless steel, d) mild steel, and e) 410 stainless steel. 

 



2.5-90 

 
 

Figure 2.5-117. Metal samples, 336 hr of exposure to pure oils: a) 304 stainless steel,  
b) brass, c) 316 stainless steel, d) mild steel, and e) 410 stainless steel.  
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 Figure 2.5-118 shows the metal samples after 690 hr (approximately 4 weeks) of exposure 
to pure oils. All corrosion products were removed to the extent possible prior to taking photos and 
measuring weight loss. Within the 304 stainless steel samples, discoloration on Samples 1 and 2 
was due to the nature of the hi-pour and lo-pour fuel oils rather than any corrosive activity; in 
addition, no change was observed on Sample 6 (biocrude derived from animal renderings). Within 
the brass samples, the greatest corrosion was observed on Sample 6, which was in biocrude derived 
from animal renderings. Lesser corrosion was observed on Sample 5 (crude jatropha oil), which 
had a coppery appearance. In addition, the ultralow-sulfur diesel showed several changes; the 
diesel had turned red and smelled strongly (probably decomposed), and the cap liner in the jar had 
disintegrated. The brass sample in this solution was reloaded into fresh ultralow-sulfur diesel. 
Within the 316 stainless steel samples, significant quantities of decomposed diesel fuel were 
observed on Sample 3, which could not be easily removed. The diesel fuel probably decomposed 
because it was held at elevated temperatures without any additives to improve its properties. Since 
this was only observed on the bottom face, the sample was flipped over when it was reloaded. 
Within the mild steel samples, discoloration on Samples 1 and 2 was due to the nature of the hi-
pour and lo-pour fuel oils rather than any corrosive activity. The greatest corrosion was observed 
on Sample 6, which was in biocrude derived from animal renderings. Lesser corrosion was 
observed on Sample 7 (biodiesel [refined biocrude]), where some rust was removed. Some change 
was also observed on Sample 3 (ultralow-sulfur diesel), which discolored to a bluish color more 
commonly observed in high-temperature applications. Within the 410 stainless steel samples, a 
considerable amount of decomposed diesel fuel was removed from Sample 3, which was reloaded 
with the other side facing up. 
 
 Figure 2.5-119 shows the metal samples after 1020 hr (approximately 6 weeks) of exposure 
to pure oils. All corrosion products were removed to the extent possible before weighing and 
photographing. Within the 316 stainless steel samples, a great amount of degraded diesel fuel was 
observed over the entire sample, although it was able to be removed with effort. Within the mild 
steel samples, Sample 6 (biocrude derived from animal renderings) showed the greatest corrosion, 
as gray material was shed from the surface of the shadow. In addition, Sample 7 (biodiesel) 
corroded; a small amount of loosely bonded rust was observed. Within the 410 stainless steel 
samples, some decomposed diesel fuel was bonded to Sample 3; although it was resistant to 
removal, it was removable with scrubbing by the rubber stopper. 
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Figure 2.5-118. Metal samples, 690 hr of exposure to pure oils: a) 304 stainless steel,  
b) brass, c) 316 stainless steel, d) mild steel, and e) 410 stainless steel. 
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Figure 2.5-119. Metal samples, 1020 hr of exposure to pure oils: a) 304 stainless steel,  
b) brass, c) 316 stainless steel, d) mild steel, and e) 410 stainless steel.  
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 Figure 2.5-120 shows the metal samples after 1350 hr (approximately 8 weeks) of exposure 
to pure oils. All corrosion products were removed to the extent possible before weighing and 
photographing. Within the 304 stainless steel samples, a great amount of degraded diesel fuel was 
observed over the bottom of Sample 3; it was reloaded with the material facing up. Within the 316 
stainless steel samples, bonded degraded diesel fuel was observed on Sample 3; the sample was 
reloaded with the material facing up. Within the mild steel samples, degraded diesel fuel was 
observed on the sample, although it was able to be removed. Within the 410 stainless steel samples, 
degraded diesel fuel was observed on Sample 3; although most of it was able to be removed with 
effort, some degraded fuel was resilient and remained on the sample after cleaning. 
 
 Figure 2.5-121 shows the metal samples after 1680 hr (approximately 10 weeks) of exposure 
to pure oils. All corrosion products were removed to the extent possible before weighing and 
photographing. Within the 304 stainless steel samples, more degraded diesel fuel was observed all 
over Sample 3. Within the 316 stainless steel samples, more degraded diesel fuel was observed on 
Sample 3. Within the mild steel samples, more degraded diesel fuel was observed on Sample 3. In 
addition, Sample 6 had a small amount of corroded material that wiped away. Within the  
410 stainless steel samples, a small amount of degraded diesel fuel was observed on the bottom of 
Sample 3; this was reloaded with the degraded fuel side facing up. 
 
 Figure 2.5-122 shows the metal samples after 2010 hr (approximately 12 weeks) of exposure 
to pure oils. All corrosion products were removed to the extent possible before weighing and 
photographing. Within the 304 stainless steel samples, more bonded degraded diesel fuel deposits 
were observed on Sample 3. Within the brass samples, bonded degraded diesel fuel deposits were 
observed on Sample 3 for the first time. Within the 316 stainless steel samples, additional bonded 
degraded diesel fuel deposits were observed on Sample 3. Within the mild steel samples, a small 
amount of rust was removed from Sample 7 (biodiesel [refined biocrude]). Within the 410 stainless 
steel samples, bonded degraded diesel fuel deposits were observed on Sample 3. 
 
 2010 hr of exposure marked the first time deposits were observed on all materials immersed 
in ultralow-sulfur diesel. It was conjectured that the deposits were due to degradation of the diesel 
fuel rather than corrosion of the metal samples, and the samples were incubated for two additional 
weeks to test this hypothesis. 
 
 Figure 2.5-123 shows the metal samples after 2340 hr (approximately 14 weeks) of exposure 
to pure oils. No additional significant changes were observed in the samples. 
 
 Figures 2.5-124 through 2.5-128 show the masses of the metal samples at each removal from 
the corrosive environment, and Figures 2.5-129 through 2.5-133 show the rates of corrosion in 
mils per year (mpy). 
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Figure 2.5-120. Metal samples, 1350 hr of exposure to pure oils: a) 304 stainless steel,  
b) brass, c) 316 stainless steel, d) mild steel, and e) 410 stainless steel.  
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Figure 2.5-121. Metal samples, 1680 hr of exposure to pure oils: a) 304 stainless steel,  
b) brass, c) 316 stainless steel, d) mild steel, and e) 410 stainless steel.  
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Figure 2.5-122. Metal samples, 2010 hr of exposure to pure oils: a) 304 stainless steel,  
b) brass, c) 316 stainless steel, d) mild steel, and e) 410 stainless steel.  
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Figure 2.5-123. Metal samples, 2340 hr of exposure to pure oils: a) 304 stainless steel,  
b) brass, c) 316 stainless steel, d) mild steel, and e) 410 stainless steel.  
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Figure 2.5-124. Masses of 304 stainless steel. 
 

 
 

Figure 2.5-125. Masses of brass. 
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Figure 2.5-126. Masses of 316 stainless steel. 
 

 
 

Figure 2.5-127. Masses of mild steel.  
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Figure 2.5-128. Masses of 410 stainless steel. 
 

 
 

Figure 2.5-129. Corrosion rate of 304 stainless steel. 
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Figure 2.5-130. Corrosion rate of brass. 
 

 
 

Figure 2.5-131. Corrosion rate of 316 stainless steel. 
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Figure 2.5-132. Corrosion rate of mild steel. 
 

 
 

Figure 2.5-133. Corrosion rate of 410 stainless steel. 
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 Mars Fontana gives a correlation for minimum testing time as: 
 
 2000

𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚 𝑝𝑝𝑝𝑝𝑝𝑝 𝑦𝑦𝑝𝑝𝑦𝑦𝑝𝑝
= ℎ𝑜𝑜𝑜𝑜𝑜𝑜𝑜𝑜(𝑑𝑑𝑜𝑜𝑜𝑜𝑑𝑑𝑑𝑑𝑑𝑑𝑜𝑜𝑑𝑑 𝑜𝑜𝑜𝑜 𝑑𝑑𝑡𝑡𝑜𝑜𝑑𝑑) (Fontana) [Eq. 8] 

 
 Using this correlation for minimum testing time gives results ranging anywhere from 
approximately 9 weeks to approximately 7.5 yr. The average minimum testing time is 
approximately 3 yr. Because of the low corrosion rates, it was decided to use a total testing time 
period of approximately 3 months. 
 
 Selected samples were examined using backscatter electron microscopy. The samples 
selected for analysis are outlined in Table 2.5-12. 
 
 These samples were prepared by cleaning them in acetone using an ultrasonic cleaner. The 
deposits were fully removed from the 316 stainless steel sample in ultralow-sulfur diesel, lending 
support to the theory that the deposits were degraded diesel fuel and not corrosion products. 
Figures 2.5-134 through 2.5-143 show backscatter electron images of the samples. 
 
 A few interesting artifacts emerged in the microscopy work. For example, it was discovered 
that the dark spots on the 304 stainless steel in biocrude were due to burned biocrude, not corrosion 
products. In addition, the dark material removed from the mild steel sample immersed in biocrude 
was iron oxide. 
 
 

Table 2.5-12. Corrosion Samples Selected for Backscatter Electron Microscopy 
Metal Type Oil Type 
304 Stainless Steel Lo-pour fuel oil 
304 Stainless Steel Biocrude derived from animal renderings 
Brass Biocrude derived from animal renderings 
Brass Biodiesel (refined biodiesel) 
316 Stainless Steel Hi-pour fuel oil 
316 Stainless Steel Ultralow-sulfur diesel 
Mild Steel Crude palm oil 
Mild Steel Biocrude derived from animal renderings 
410 Stainless Steel Hi-pour fuel oil 
410 Stainless Steel Crude jatropha oil 
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Figure 2.5-134. Backscatter electron images of 304 stainless steel in lo-pour fuel oil after  
2340 hr of exposure to corrosive environments. 
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Figure 2.5-135. Backscatter electron images of 304 stainless steel in biocrude derived from 
animal renderings after 2340 hr of exposure to corrosive environments. The dark areas in (c) and 

(d) are burned biocrude, not corrosion products. 
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Figure 2.5-136. Backscatter electron images of brass in biocrude derived from animal renderings 
after 2340 hr of exposure to corrosive environments. Zinc was selectively leached, which formed 

the visible pits. 
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Figure 2.5-137. Backscatter electron images of brass in biodiesel (refined biocrude) after  
2340 hr of exposure to corrosive environments. 
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Figure 2.5-138. Backscatter electron images of 316 stainless steel in hi-pour fuel oil after  
2340 hr of exposure to corrosive environments. 
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Figure 2.5-139. Backscatter electron images of 316 stainless steel in ultralow-sulfur diesel after 
2340 hr of exposure to corrosive environments. 



2.5-111 

 
 

Figure 2.5-140. Backscatter electron images of mild steel in crude palm oil after 2340 hr of 
exposure to corrosive environments. 
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Figure 2.5-141. Backscatter electron images of mild steel in biocrude derived from animal 
renderings after 2340 hr of exposure to corrosive environments. Dark areas are iron oxide. 
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Figure 2.5-142. Backscatter electron images of 410 stainless steel in hi-pour fuel oil after  
2340 hr of exposure to corrosive environments. 
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Figure 2.5-143. Backscatter electron images of 410 stainless steel in crude jatropha oil after  
2340 hr of exposure to corrosive environments. 

 
 

Overall Blend Acceptability 
 
 Table 2.5-13 shows the miscibility of fuel blends at 75°F; black boxes indicate untested 
blends, and gray boxes indicate identical oil blends. This is the acceptability at the worst-case 
scenario in which a storage tank would lose heat for an extended period of time. The main cause 
of failure at this temperature was entrained particulate matter that had a tendency to settle out of 
solution. 
 
 Table 2.5-14 shows the miscibility of fuel blends at 170°F. This is approximately equal to 
the storage tank temperature. All blends were acceptable; entrained particles dissolved or melted 
into solution, and nothing smoked or burned to the testing beaker. 
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Table 2.5-13. Fuel Blend Acceptability at 75°F 
 

Lo-Pour 
Fuel Oil 

Hi-Pour 
Fuel Oil 

Biocrude 
(animal) 

Crude 
Jatropha 

Oil 
Crude 

Palm Oil 

Biodiesel 
(refined 

biocrude) 

Ultralow- 
Sulfur 
Diesel 

Lo-Pour 
Fuel Oil 

 Not 
tested 

Marginal Yes No Yes Yes 

Hi-Pour 
Fuel Oil 

  Marginal Yes No Yes Yes 

Biocrude 
(animal) 

   Marginal No Not tested Marginal 

Crude 
Jatropha 
Oil 

    Marginal Yes Yes 

Crude 
Palm Oil 

     Marginal No 

Biodiesel 
(refined 
biocrude) 

      Yes 

Ultralow-
Sulfur 
Diesel 

       

 
 
Table 2.5-14. Fuel Blend Acceptability at 170°F 
 

Lo-Pour 
Fuel Oil 

Hi-Pour 
Fuel Oil 

Biocrude 
(animal) 

Crude 
Jatropha 

Oil 
Crude 

Palm Oil 

Biodiesel 
(refined 

biocrude) 

Ultralow- 
Sulfur 
Diesel 

Lo-Pour 
Fuel Oil 

 Not 
tested 

Yes Yes Yes Yes Yes 

Hi-Pour 
Fuel Oil 

  Yes Yes Yes Yes Yes 

Biocrude 
(animal) 

   Yes Yes Not tested Yes 

Crude 
Jatropha 
Oil 

    Yes Yes Yes 

Crude 
Palm Oil 

     Yes Yes 

Biodiesel 
(refined 
biocrude) 

      Yes 

Ultralow- 
Sulfur 
Diesel 

       

 



2.5-116 

 Table 2.5-15 shows the miscibility of fuel blends at 220°F. This is approximately the 
temperature to which oils are heated before firing. The main causes of marginal behavior were 
smoking and burned films on the beaker. 
 
 Table 2.5-16 shows the acceptability of the fuel blends after they were cooled from 170° to 
75°F. The main cause of failure was solids settling or the formation of sludgelike compounds. 
 
 Table 2.5-17 shows the acceptability of the fuel blends after they were cooled from 220° to 
75°F. The main cause of failure was solids settling or the formation of sludgelike compounds. 
 
 
Table 2.5-15. Fuel Blend Acceptability at 220°F 
 

Lo-Pour 
Fuel Oil 

Hi-Pour 
Fuel Oil 

Biocrude 
(animal) 

Crude 
Jatropha 

Oil 
Crude 

Palm Oil 

Biodiesel 
(refined 

biocrude) 

Ultralow- 
Sulfur 
Diesel 

Lo-Pour 
Fuel Oil 

 Not 
tested 

Yes Yes Yes Yes Yes 

Hi-Pour 
Fuel Oil 

  Yes Yes Yes Yes Marginal 

Biocrude 
(animal) 

   Marginal Marginal Not tested Marginal 

Crude 
Jatropha 
Oil 

    Yes Yes Yes 

Crude 
Palm Oil 

     Yes Yes 

Biodiesel 
(refined 
biocrude) 

      Yes 

Ultralow- 
Sulfur 
Diesel 
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Table 2.5-16. Acceptability of Fuel Blends after Cooling from 170° to 75°F 
 

Lo-Pour 
Fuel Oil 

Hi-Pour 
Fuel Oil 

Biocrude 
(animal) 

Crude 
Jatropha 

Oil 
Crude 

Palm Oil 

Biodiesel 
(refined 

biocrude) 

Ultralow- 
Sulfur 
Diesel 

Lo-Pour 
Fuel Oil 

 Not 
tested 

Yes Yes Marginal Yes Yes 

Hi-Pour 
Fuel Oil 

  Yes Yes Marginal Yes Yes 

Biocrude 
(animal) 

   No No Not tested No 

Crude 
Jatropha 
Oil 

    No Yes Yes 

Crude 
Palm Oil 

     No No 

Biodiesel 
(refined 
biocrude) 

      Yes 

Ultralow- 
Sulfur 
Diesel 

       

 
 
Table 2.5-17. Acceptability of Fuel Blends after Cooling from 220° to 75°F 
 

Lo-Pour 
Fuel Oil 

Hi-Pour 
Fuel Oil 

Biocrude 
(animal) 

Crude 
Jatropha 

Oil 
Crude 

Palm Oil 

Biodiesel 
(refined 

biocrude) 

Ultralow- 
Sulfur 
Diesel 

Lo-Pour 
Fuel Oil 

  Yes Yes Marginal Yes Yes 

Hi-Pour 
Fuel Oil 

  Yes Yes Marginal Yes Yes 

Biocrude 
(animal) 

   Marginal No  No 

Crude 
Jatropha 
Oil 

    No Yes Yes 

Crude 
Palm Oil 

     Marginal Marginal 

Biodiesel 
(refined 
biocrude) 

      Yes 

Ultralow- 
Sulfur 
Diesel 
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 Table 2.5-18 shows an indication of the acceptability of the tested fuel blends. These were 
determined based on their miscibility at 75°, 170°, and 220°F as well as their behavior when cooled 
to 75°F from 170° and 220°F. Blends containing biocrude and palm oil were marginal to 
unacceptable because of the large proportion of entrained solids. All other fuel blends were 
acceptable for use in industry. 
 
 
Table 2.5-18. Overall Fuel Blend Acceptability 
 

Lo-Pour 
Fuel Oil 

Hi-Pour 
Fuel Oil 

Biocrude 
(animal) 

Crude 
Jatropha 

Oil 
Crude 

Palm Oil 

Biodiesel 
(refined 

biocrude) 

Ultralow- 
Sulfur 
Diesel 

Lo-Pour 
Fuel Oil 

  Marginal Yes Marginal Yes Yes 

Hi-Pour 
Fuel Oil 

  Marginal Yes Marginal Yes Yes 

Biocrude 
(animal) 

   Marginal No  Yes 

Crude 
Jatropha 
Oil 

    No Yes Yes 

Crude 
Palm Oil 

     Marginal Marginal 

Biodiesel 
(refined 
biocrude) 

      Yes 

Ultralow- 
Sulfur 
Diesel 

       

 
 
CONCLUSIONS AND FUTURE WORK 
 

Characterization of Oils and Oil Blends 
 
 The high wax content and/or opacity led to questionable pour point values in some tested 
blends. Better pour points could probably be obtained by using the standard method in ASTM 
D92, but the high opacity of some of the oils and oil blends could make this difficult as well. 
 
 The method used to determine the wax appearance temperature was precise. However, it 
would not be simple to set up in the field, and it is impractical for widespread use. 
 
 Conventional proximate–ultimate analysis and Karl Fischer water titration were sufficient 
to characterize biofuels for composition, heating value, and water content. 
 
 While many standards are available to assess fuel properties, it may be beneficial to have a 
quick and dirty field test that can efficiently and accurately assess fuel properties. However, a 
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search of currently utilized test methods revealed few that would be appropriate for raw bio-oils. 
Many of the test methods that are available for liquid fuels fail for bio-oils because of the unrefined 
character of the fuels and their likelihood of containing particulate matter. 
 
 From the study, eight tables were produced reflecting the blended fuels and their suitability 
for blending in tanks to be fed to combustion systems. These tables show an indication of the 
general acceptability of the tested fuel blends. These were determined based on their miscibility at 
75°, 170°, and 220°F as well as their behavior when cooled to 75°F from 170° and 220°F. Blends 
containing biocrude and palm oil were marginal to unacceptable because of the large proportion 
of entrained solids. All other fuel blends were acceptable for use in industry. These tables can be 
used as a quick reference guide for blending of oils at the tank farm.  
 

Corrosion Testing 
 
 The metals selected for corrosion testing were derived from the materials of construction in 
piping, tank storage, valves, and pumps indicated by the project sponsor. Measured corrosion rates 
were −0.10–0.10 mpy for most samples; negative corrosion rates imply either deposition or 
formation of corrosion products. The exceptions were brass in biocrude derived from animal 
renderings, brass in crude jatropha oil, brass in biodiesel (refined biocrude), brass in crude palm 
oil, brass in lo-pour fuel oil, and mild steel in biocrude derived from animal renderings. The most 
significant corrosion was observed on the mild steel in biocrude derived from animal renderings; 
however, it seems that most of the mass removed was iron oxides by scanning electron microscopy 
spot analysis. 
 
 Overall, the oils had the most effect on the brass samples. If possible, brass should be avoided 
in wetted parts in petroleum power plants intending to use biofuels. However, none of the fuels 
caused a particularly disasterous corrosion situation for the materials tested. 
 

Future Work 
 
 The fuel blends should be tested for miscibility and the occurrence of other undesired results 
at additional temperatures. Some temperatures that could be considered are 32°F, which is the 
freezing point of water; 50°F, which is near the pour point of several of the pure oils; and −10°F, 
which would simulate winter conditions in the northern United States. Other testing temperatures 
could be considered as well. 
 
 The cooled blends should be reheated to confirm that the blends are able to be reheated 
without additional negative effects occurring. 
 
 More blend ratios should be tested. All oils were blended at a 50:50 ratio. Using other ratios, 
such as a 20:80 ratio, may allow for the use of fuels that are problematic in higher proportions but 
are acceptable in lower proportions. 
 
 Viscosity testing should be performed on the pure oils and blends to determine whether the 
viscosity is additive or follows some other predictable relationship. 
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 Further testing may be required to determine the exact effects of biocrude derived from 
animal renderings on mild steel. 
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 Table 2.5-A-1. Masses of Corroded Samples, g 

Sample ID Metal Type Oil Type 
Mass 
0 hr 

Mass 
336 hr 

Mass 
690 hr 

Mass 
1020 hr 

Mass 
1350 hr 

Mass 
1680 hr 

Mass 
2010 hr 

Mass 
2340 hr 

1 304 SS HPFO1 31.523 31.527 31.528 31.528 31.527 31.527 31.528 31.527 
2 304 SS LPFO2 31.205 31.211 31.21 31.212 31.209 31.21 31.211 31.21 
3 304 SS ULS Diesel 30.803 30.804 30.805 30.805 30.816 30.83 31.867 30.851 
4 304 SS Palm 31.736 31.741 31.74 31.74 31.738 31.739 31.74 31.739 
5 304 SS Jatropha 30.822 30.825 30.824 30.826 30.824 30.825 30.827 30.825 
6 304 SS Biocrude 31.656 31.663 31.66 31.661 31.66 31.66 31.664 31.661 
7 304 SS Biodiesel 31.075 31.077 31.078 31.077 31.077 31.078 31.078 31.078 
8 Brass HPFO 7.507 7.508 7.508 7.508 7.508 7.507 7.508 7.507 
9 Brass LPFO 7.261 7.259 7.257 7.256 7.254 7.253 7.253 7.253 
10 Brass ULS Diesel 7.362 7.363 7.363 7.364 7.363 7.363 7.371 7.382 
11 Brass Palm 7.503 7.502 7.499 7.498 7.496 7.496 7.496 7.495 
12 Brass Jatropha 7.402 7.402 7.401 7.4 7.401 7.4 7.401 7.4 
13 Brass Biocrude 7.247 7.241 7.237 7.238 7.237 7.236 7.236 7.238 
14 Brass Biodiesel 7.425 7.424 7.421 7.421 7.421 7.42 7.419 7.418 
15 316 SS HPFO 45.569 45.568 45.568 45.568 45.569 45.568 45.568 45.568 
16 316 SS LPFO 45.531 45.531 45.531 45.531 45.531 45.532 45.531 45.532 
17 316 SS ULS Diesel 49.234 49.235 49.241 49.235 49.238 49.242 49.248 49.249 
18 316 SS Palm 52.05 52.051 52.052 52.052 52.052 52.058 52.053 52.05 
19 316 SS Jatropha 49.735 49.734 49.735 49.734 49.735 49.736 49.736 49.734 
20 316 SS Biocrude 47.39 47.391 47.391 47.392 47.39 47.393 47.39 47.39 
21 316 SS Biodiesel 48.879 48.878 48.879 48.878 48.879 48.879 48.878 48.879 
22 Mild steel HPFO 12.235 12.236 12.234 12.234 12.234 12.235 12.233 12.235 
23 Mild steel LPFO 12.34 12.342 12.341 12.34 12.34 12.341 12.34 12.343 
24 Mild steel ULS Diesel 12.223 12.223 12.223 12.239 12.224 12.238 12.226 12.234 
25 Mild steel Palm 12.265 12.265 12.264 12.264 12.264 12.264 12.264 12.266 
26 Mild steel Jatropha 12.373 12.375 12.375 12.374 12.375 12.376 12.375 12.375 
27 Mild steel Biocrude 12.254 12.236 12.226 12.222 12.218 12.215 12.213 12.216 
28 Mild steel Biodiesel 12.269 12.269 12.268 12.268 12.268 12.268 12.267 12.271 
29 410 SS HPFO 2.48 2.481 2.481 2.481 2.482 2.48 2.48 2.479 
30 410 SS LPFO 2.487 2.488 2.488 2.487 2.487 2.487 2.486 2.486 
31 410 SS ULS Diesel 2.478 2.478 2.479 2.479 2.48 2.485 2.484 2.492 
32 410 SS Palm 2.477 2.478 2.477 2.477 2.477 2.478 2.477 2.477 
33 410 SS Jatropha 2.453 2.453 2.453 2.454 2.453 2.453 2.453 2.451 
34 410 SS Biocrude 2.486 2.487 2.487 2.487 2.486 2.487 2.487 2.486 
35 410 SS Biodiesel 2.478 2.477 2.478 2.478 2.477 2.477 2.478 2.477 

1 High-pour fuel oil. 
2 Low-pour fuel oil. 
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SUBTASK 2.6 – RENEWABLE DISTILLATE CONVERSION TECHNOLOGY 
 
 
INTRODUCTION 
 
 The University of North Dakota Energy & Environmental Research Center (EERC) engaged 
with Renewable Energy Group (REG) in a project to develop a commercially competitive catalytic 
process for conversion of renewable free fatty acid (FFA) mixtures to normal alkanes that could 
be utilized as feedstock for production of fuels and chemicals. Funding for the project was provided 
in equal amounts by REG and the U.S. Department of Energy (DOE). Because the overall project 
goal was to develop and demonstrate a continuous, fixed-catalyst-bed process that requires 
minimal hydrogen consumption, project effort was focused on evaluation of commercially 
available catalysts that effect primarily decarboxylation as the means of FFA conversion to 
alkanes. As shown in Figure 2.6-1, of the three direct pathways for FFA conversion to an 
equivalent or near-equivalent “carbon number” alkane, decarboxylation—at zero moles hydrogen 
needed per mole FAA—represents the lowest-hydrogen-consumption option, since 
decarbonylation and reduction (also referred to as “deoxygenation”) require 1 and 3 moles 
hydrogen per mole saturated FFA, respectively. However, it is important to remember that FFA 
mixtures will typically contain significant levels of unsaturated FFAs (FFAs with at least one 
unsaturated or “olefinic” bond), and if the desired product is alkanes, hydrogen will be required 
for olefinic bond saturation.  
 
 
DECARBOXYLATION VERSUS DECARBONYLATION AND REDUCTION 
 
 To help understand the impact of decarboxylation versus decarbonylation and reduction on 
hydrogen consumption and process capital cost, the EERC developed a set of hydrogen 
consumption scenarios based on the occurrence of varying ratios of decarboxylation, 
decarbonylation, and reduction. Scenario descriptions are provided below and followed by  
Tables 2.6-1 and 2.6-2, which summarize estimated hydrogen consumption and cost of an 
appropriately sized hydrogen production system for each scenario based on utilization of beef 
tallow FFA and canola oil FFA feedstocks, respectively: 
 

• Scenario 1 encompasses olefin bond saturation and FFA conversion via 100% 
decarboxylation. Although theoretically possible, achieving decarboxylation exclusively 
with no reduction or decarbonylation is unlikely in a commercial setting; however, 
Scenario 1 is included as the theoretical minimum hydrogen consumption for each 
feedstock. 

 

• Scenario 2 encompasses olefin bond saturation and FFA conversion via a still very 
optimistic reaction mix of 80% decarboxylation, 7% decarbonylation, and 13% reduction. 

 

• Scenario 3 encompasses olefin bond saturation and FFA conversion via a reaction mix of 
25% decarboxylation, 25% decarbonylation, and 50% reduction, which is represented by 
a major catalyst supplier as an achievable combination using a robust, commercially 
available hydrotreating catalyst with a vegetable oil (primarily triacylglyceride) 
feedstock.  
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Figure 2.6-1. Hydrogen consumption requirements of three FFA-to-alkane pathways. 
 
 
Table 2.6-1. Hydrogen Consumption – Beef Tallow FFA Feedstock – 30-MMgal/yr1 Input 

Scenario 
lb H2 per 

100 lb FFA 
lb H2 per 

82,1922 gal FFA 
scf3 H2 per 
bbl4 FFA 

H2 Production System 
Cost, million $ 

1 0.33 2059 199 4.6 
2 0.65 4040 390 5.3 
3 1.56 9598 927 6.9 
1 Million gallons per year. 
2 82,192 gal/day equates to 30 MMgal/yr. 
3 Standard cubic feet. 
4 42-gal barrel. 
 
 
Table 2.6-2. Hydrogen Consumption – Canola FFA Feedstock – 30-MMgal/yr Input 

Scenario 
lb H2 per 

100 lb FFA 
lb H2 per 

82,192 gal FFA 
scf H2 per 
bbl FFA 

H2 Production System 
Cost, million $ 

1 1.02 6293 608 5.8 
2 1.34 8267 799 6.6 
3 2.30 14,189 1371 8.7 
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 In laboratory tests conducted (prior to this project) with canola oil and a commercial 
hydrotreating catalyst, the EERC validated the ability to achieve a reaction mix very similar to that 
of Scenario 3. Results derived from analytical data acquired during and after the tests showed the 
occurrence of a reaction mix of about 50% reduction–50% decarboxylation and decarbonylation, 
and a hydrogen consumption of about 2.3 pounds per 100 pounds feedstock.  
 
 Hydrogen production system costs shown in the tables are rough estimates provided by 
Linde Hydro-Chem and include approximate capital and installation costs. The tables illustrate the 
significant impact of olefin saturation on hydrogen consumption and hydrogen production system 
cost and the relatively moderate incremental cost increase associated with transitioning from 
Scenario 2—which likely represents the lowest commercially achievable hydrogen 
consumption—to Scenario 3. None of the above hydrogen consumption scenarios include 
hydrogen demand associated with cracking, which would be required to some extent for 
production of a jet fuel-range alkane distribution, and to a lesser extent for production of a diesel-
range alkane distribution.  
 
 
LITERATURE AND PATENT SEARCH 
 
 Soon after project initiation, the EERC contracted with Nerac Inc. (Tolland, Connecticut) to 
conduct a comprehensive search of scientific and patent literature related to FFA decarboxylation. 
Key search objectives were to: 
 

1. Identify catalyst types demonstrated to selectively effect fatty acid decarboxylation as 
opposed to decarbonylation and/or reduction. 

 
2. Identify catalyst/process cautionary issues such as occurrence of catalyst coking, 

excessive fatty acid cracking and/or other undesirable side reactions, excessive hydrogen 
consumption, and other potential performance limitations and methods for their 
avoidance or remediation.  

 
3. Identify or develop ideas for process pathways with high performance and “patentability” 

potential. 
 
 Key outcomes from the literature/patent search are summarized below: 
 

1. Palladium and platinum (Pd and Pt) appear to provide the best conversion of FFA to 
hydrocarbon and the greatest decarboxylation selectivity. While numerous other metals 
were evaluated, their performance typically fell short of Pd/Pt performance. It is worth 
noting that the great majority of literature data regarding Pd/Pt decarboxylation 
performance were acquired in batch versus continuous process tests.  

 
2. A 20% nickel-on-carbon (Ni/C) may provide a lower-cost option to Pd/Pt. However, 

possible use of nickel-based options would require generating experimental data which 
would then be used to conduct a comprehensive trade analysis to project whether the 
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cheaper catalyst would offset the costs associated with increased hydrogen use, lower 
decarboxylation selectivity, and increased cracking. 

 
3. Because most of the scientific literature described data that were generated using batch 

(versus continuous fixed-bed) reactor systems, additional testing using fixed-bed reactors 
would likely be required to confirm that batch-generated catalyst/process performance 
results are transferable to continuous mode.  

 
4. The literature indicated that:  

a. Decarboxylation selectivity is improved when a hydrogen/inert gas mixture (versus 
hydrogen alone) is used. 

b. Supplying too much hydrogen leads to an increase in decarbonylation. 
c. Supplying too little hydrogen leads to cracking. 

 
However, most of these findings were observed when unsaturated FFA was hydrogenated 
and decarboxylated in the same reactor. Hydrogenation of feedstock olefinic bonds to 
ensure that only saturated fatty acids are supplied to the decarboxylation reactor may 
enable the use of lower-concentration (or zero) hydrogen feed, with the potential 
additional benefit of minimizing the occurrence of undesirable cracking reactions. 

 
5. Phospholipids are a known decarboxylation catalyst contaminant. As different feedstock 

sources and supplies are investigated, it will be important to understand the impact of 
possible feedstock preprocessing steps (FFA stripping, triacylglyceride hydrolysis, waste 
oil purification, etc.) on the fate of phospholipids.  

 
 
PALLADIUM CATALYST EVALUATION 
 
 Although the literature and patent review pointed toward Pd as an ideal decarboxylation 
catalyst, Pd is also one of the more expensive catalysts. In addition to its high price, another Pd 
consideration is that most of the literature dealt with utilization of Pd in batch mode, rather than 
continuous mode as preferred by REG. After consultation with REG, a decision was made to 
evaluate 1) a Pd/C catalyst provided by a commercial catalyst supplier and 2) a Pd/A catalyst 
provided by a second commercial supplier, with the objective of establishing a “decarboxylation 
performance target” with which to compare subsequent, less expensive catalysts. The Pd/C catalyst 
was evaluated first in a series of two tests. Feedstocks utilized in the two tests were 1) industrial-
grade saturated beef tallow FFA and 2) saturated beef tallow FFA diluted to a concentration of 
about 20% in dodecane solvent. A comprehensive analysis of the saturated beef tallow FFA is 
provided in Appendix A (which also contains analyses of unsaturated beef tallow FFA and stearic 
acid). A bench-scale reactor system comprising a pump, reactor, and collection vessels was used 
for the experiments. A schematic of the reactor system is provided as Figure 2.6-2. Because of the 
relatively high feedstock FFA melting point, a syringe pump with a heated jacket was used to 
pump the feedstock, and all reactor system tubing was heat-traced from the pump to the reactor 
and from the reactor to the product collection pots. After the first set of collection pots, the second 
collection pot was cooled to ensure condensation of product vapors and prevent their condensation 
in the back-pressure control valve. Operating conditions for the tests are shown in Table 2.6-3. 
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Figure 2.6-2. Diagram of reactor system used for Pd/C and Pd/A catalyst tests. 
 
 

Table 2.6-3. Process Conditions for Pd/C Catalyst in Neat FFA and FFA/Solvent Mixture 
Tests 

Feedstock 
Temp., 

°C 
Pressure, 

psig 
Liquid Feed Flow 

Rate, mL/min 
FFA 

WHSV1, hr -1 

Gas2 Flow 
Rate, 

cm3/min 
Neat FFA 330 200 0.35 1 970 
20% FFA/80% n-C12 330 200 1.75 1 970 
1 Weighted hourly space velocity, calculated based on FFA only. 
2 Gas comprises 5% hydrogen, 95% nitrogen. 
 
 
During these tests, product gas was analyzed in real time and liquid samples were collected and 
analyzed on a gas chromatograph. The carbon monoxide and carbon dioxide data from the gas 
analysis were used to track the selectivity of the catalyst, since CO is a product of decarbonylation 
and CO2 a product of decarboxylation. Total conversion was determined based on feedstock fatty 
acid conversion to nonfatty acid products and calculated as 100% minus product fatty acid 
concentration.  
 
 The neat and diluted FFA tests were performed for about 9 and 7 hour, respectively.  
Figures 2.6-3 and 2.6-4 show results of online analysis (conducted using a calibrated laser gas 
analyzer) of gas products of the neat and diluted FFA tests, respectively, and Tables 2.6-4 and  
2.6-5 show liquid product analysis results (based on samples collected at hourly intervals and 
analyzed via calibrated gas chromatography combined with flame ionization detection [GC–FID])  
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Figure 2.6-3. Neat FFA test with Pd/C catalyst – product gas analysis. 
 
 
 

 
 

Figure 2.6-4. Diluted FFA (20% FFA in 80% dodecane [n-C12]) test with Pd/C catalyst – 
product gas analysis. 
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Table 2.6-4. Neat Beef Tallow Saturated FFA – Pd/C Catalyst – Product Liquids Analysis 

Sample Time 
Saturated Fatty Acids, % Normal Alkanes, % Conv., 

%1 C6 C14 C16 C17 C18 Total C6 C13 C14 C15 C16 C17 C18 C19 Total 
Feed2 – 0 2.9 26.2 1.6 65.6 97.3 0 0 0 0 0 0 0 0 0 0 
1 8:55 0.8 0.4 1.6 0.0 1.7 4.7 1.9 3.2 0.7 28.0 2.1 60.1 0.0 2.7 98.7 95.3 
2 10:00 1.1 0.0 1.6 0.0 1.1 3.8 1.9 2.6 0.6 24.9 2.1 64.6 0.0 4.2 100.8 96.2 
3 11:00 1.0 0.5 2.1 0.0 1.3 5.1 2.0 2.5 0.6 24.0 2.0 64.5 0.0 4.8 100.4 94.9 
4 12:00 1.0 0.8 3.6 0.0 3.0 8.5 1.8 2.2 0.5 21.4 1.9 61.2 0.0 5.1 94.1 91.5 
5 13:00 0.9 1.0 5.1 0.0 5.7 13.1 1.7 2.0 0.5 19.4 1.8 56.0 1.3 4.6 86.0 86.9 
6 14:10 0.8 1.2 6.5 0.0 8.4 17.4 1.8 1.7 0.4 17.6 1.6 52.1 3.5 4.4 79.6 82.6 
7 15:00 0.8 1.3 7.4 0.4 10.2 20.6 1.6 1.6 0.4 16.8 1.5 48.9 5.0 4.1 75.0 79.4 
1 Conversion calculated as 100 minus total product fatty acid concentration. 
2 In addition to acids listed in table, feedstock contains small amounts of C12, C16-1, C18-1, and C20 fatty acids. 
 
 

Table 2.6-5. Diluted Beef Tallow Saturated FFA (20% in 80% Dodecane [n-C12]) – Pd/C Catalyst – Product Liquids 
Analysis 

Sample Time 
Saturated Fatty Acids, % Normal Alkanes, % 

Conv., %1 C16 C18 Other Total C6 C12 C15 C16 C17 C18 Total 
Feed2 – 6.2 15.5 1.3 23.0 0.0  0.0 0.0 0.0 0.0 0.0 0.0 
1 7:30 0.0 0.2 0.0 0.2 1.9 75.0 3.8 0.0 7.7 5.6 94.2 99.1 
2 8:30 0.0 0.0 0.0 0.0 1.7 77.5 4.2 0.0 9.8 3.4 96.6 100.0 
3 9:30 0.0 0.0 0.0 0.0 1.7 77.0 4.1 0.0 9.6 3.8 96.2 100.0 
4 10:30 0.0 0.0 0.0 0.0 1.7 77.1 4.0 0.0 9.6 3.8 96.2 100.0 
5 11:30 0.0 0.0 0.0 0.0 1.5 77.2 4.0 0.1 9.8 3.7 96.3 100.0 
6 12:30 0.6 0.0 0.0 0.6 1.7 76.2 3.5 0.0 9.0 4.2 95.2 97.4 
7 13:30 0.9 0.4 0.0 1.3 1.7 74.7 3.1 0.0 8.1 5.0 93.8 94.8 
8 14:30 1.4 0.8 0.0 2.2 2.0 74.9 3.0 0.0 8.1 3.8 94.0 90.4 
1 Conversion is calculated as 100 minus (percent of product fatty acid divided by feedstock fatty acid concentration). 
2 In addition to acids listed in table, feedstock contains small amounts of C6, C12, C14, C16-1, C17, C18-1, and C20 fatty acids. 
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of the neat and diluted FFA tests, respectively. The data for both tests show a steady decrease in 
conversion that coincides with a steady decrease in decarboxylation (as measured by product gas 
CO2 concentration), while decarbonylation (as measured by CO concentration) remains relatively 
constant. Because of the observed inability to maintain steady-state performance with the Pd/C 
catalyst, it was decided to evaluate the Pd/A catalyst. 
 
 The Pd/A catalyst evaluation tests were carried out similarly to the Pd/C tests, except that 
reagent-grade stearic acid (97% purity) was utilized as feedstock rather than saturated beef tallow. 
Stearic acid was used as feedstock with the objective of ruling out the possibility that catalyst- 
degrading contaminants in the industrial-grade beef tallow fatty acids might be responsible for the 
less than expected decarboxylation performance of the Pd/C catalyst. Although the Pd/A tests 
showed a somewhat higher initial tendency toward decarbonylation (rather than decarboxylation) 
versus the Pd/C tests, the overall result was similar—steadily decreasing conversion, as shown in 
Figures 2.6-5 and 2.6-6. Reasons for the less than expected (based on literature) decarboxylation 
performance observed with the two Pd catalysts are unclear but may derive from the logistics of 
batch versus continuous operation. For example, a batch test can utilize an oversupply of catalyst 
to effect maximum decarboxylation selectivity, but without conducting a detailed “postmortem” 
analysis of the catalyst following test completion, any possible negative impact(s) of the test on 
catalyst activity are unknown. 
 
 

 
 

Figure 2.6-5. Diluted stearic acid (20% stearic acid in 80% n-C12) test with Pd/A catalyst – 
conversion to nonacid products. 
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Figure 2.6-6. Diluted stearic acid (20% in 80% n-C12) test with Pd/A catalyst – product gas 
analysis. 

 
 
INITIAL PROCESS VARIABLE TESTING WITH HYDROTREATING CATALYST 
 
 A series of experiments was conducted to evaluate the performance of a commercial nickel–
molybdenum (Ni–Mo) hydrotreating catalyst in converting stearic acid and oleic acid (both of 
which are linear C18 fatty acids) to alkanes. The evaluations were done using the reactor system 
illustrated in Figure 2.6-2. The Ni–Mo catalyst was first activated by a procedure recommended 
by the catalyst supplier and has been given below: 
 

• The catalyst was first dried under hydrogen flow of 100 standard cubic centimeters (sccm) 
for 1 hour by heating the reactor at 150°C. 

 
• The reactor temperature was then increased to 200°C and maintained for 1 hour. 

 
• Dodecane was spiked with a 0.8 w/w% of dimethyl disulfide (DMDS) and then fed to the 

reactor at 2 mL/min for 1 hour. 
 

• Reactor temperature was then increased to 230°C, after which dodecane spiked with  
1.5 w/w% of DMDS was fed to the reactor at 2 mL/hour for 3 hours or until hydrogen 
disulfide breakthrough occurred. 

 
• At this stage, catalyst was considered activated and transitioned to test feed spiked with 

0.1 w/w% DMDS. 
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 Key experimental objectives were to evaluate the impact of hydrogen availability and 
temperature on: 
 

• Conversion of fatty acid feedstock to nonacid products—ideally, paraffins in the diesel 
fuel carbon number range of C10–C18. 

 
• Extent of occurrence of fatty acid feedstock decarboxylation (conversion to C17 paraffin/ 

olefin plus CO2) or decarbonylation (conversion to C17 paraffin/olefin plus CO and 
water) versus reduction (conversion to C18 paraffin/olefin plus water). 

 
• Yield of paraffins versus olefins. 

 
 Because commercially viable renewable diesel fuel production would likely require the use 
of lower-cost feedstocks comprising varying proportions of saturated and unsaturated fatty acids, 
another important objective was to investigate whether—and to what extent—saturated and 
unsaturated fatty acids behave differently in a varying range of “hydrogen availability” processing 
environments. As they differ by only the presence of a single unsaturated (olefinic) carbon bond, 
stearic acid and oleic acid represent appropriate feedstocks for pursuit of this objective. Because a 
key objective was to evaluate the impact of low hydrogen availability on 1) overall conversion of 
fatty acid feedstock to paraffins and 2) extent of occurrence of decarboxylation and 
decarbonylation (collectively referred to as “DCO”) versus reduction, planned hydrogen 
availability levels were set lower than would be utilized if the objective was to achieve maximum 
conversion via a traditional catalytic hydrotreating approach, which would call for hydrogen levels 
of 4000 to 6000 standard cubic feet per barrel (scfb), as recommended by the catalyst supplier. 
The initial test plan essentially called for establishing baseline performance at catalyst supplier-
recommended hydrogen levels, then operating at reduced hydrogen levels to assess whether the 
catalyst could be “pushed” toward DCO.  
 
 A report describing the execution and results of the initial process variable testing is provided 
as Appendix B; a short overview is provided here. As shown in Table 2.6-6, the tests encompassed 
hydrogen levels ranging from 189 to 3222 scfb and temperatures ranging from 300° to 360°C. 
After conducting Tests 1–3 with oleic acid feedstock, the catalyst was changed out (switched from 
Batch 1 to Batch 2) and Tests 4–6 were conducted with stearic acid feedstock. The original test 
plan called for conducting only Tests 1–6 using identical hydrogen availabilities for oleic and 
stearic acid tests; however, because Tests 1–3 with oleic acid and Test 4 with stearic acid did not 
appear to result in any undesired feedstock cracking to smaller (lower carbon number) species, it 
was decided to attempt to push the catalyst toward decarboxylation by further reducing hydrogen 
availability in Tests 5 and 6. Following completion of Test 6, it was decided to continue testing 
with Catalyst Batch 2. Test 7 was an attempt to look at the impact of low hydrogen availability on 
oleic acid conversion at 300°C, and Test 8 was an attempt to replicate Test 3. The remaining tests 
were conducted to evaluate the impact of increasing temperature and low hydrogen availability on 
the balance between DCO and reduction.  
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Table 2.6-6. Fatty Acid Conversion and Product Composition 

Test Feed 

H2 

T, °C Cat.3 
Conv., 
wt%4 

Product Composition, wt% 

C17/C185 (n-P)/O6 scfb1 %2 
Stearic 

Acid 
Oleic 
Acid n-C17 

C17 
Olefin n-C18 

C18 
Olefin Total 

1 
Oleic 

3222 290 

300 

1 62 14 24 17 4 26 5 90 0.7 4.5 
2 2422 218 1 58 14 28 11 4 18 5 80 0.6 3.2 
3 1611 145 1 25 17 58 10 4 16 5 110 0.6 2.6 
4 

Stearic 
1897 290 2 68 33 0 24 6 27 6 96 0.9 4.2 

5 654 100 2 33 67 0 10 10 7 6 100 1.5 1.0 
6 232 36 2 33 68 0 5 7 3 5 88 1.5 0.6 
7 

Oleic 
556 50 2 42 22 37 6 7 5 5 82 1.3 0.9 

8 1611 145 2 73 19 9 26 10 22 8 94 1.2 2.6 
9 Stearic 377 58 2 40 60 0 4 3 6 5 78 0.7 1.2 
10 Oleic 926 83 2 46 20 35 7 7 8 4 81 1.1 1.4 
11 Stearic 235 36 

320 
2 53 47 0 6 5 8 7 71 0.8 1.1 

12 Oleic 333 30 2 74 17 10 14 13 10 5 69 1.9 1.4 
13 

Oleic 
233 21 330 2 60 18 23 4 7 3 5 60 1.3 0.6 

14 233 21 340 2 68 15 18 5 9 4 6 57 1.5 0.6 
15 233 21 350 2 82 11 8 8 13 4 7 51 1.9 0.6 
16 Oleic 189 17 

360 
2 85 10 6 10 3 4 2 35 2.4 2.6 

17 Stearic 266 41 2 95 5 0 33 28 17 25 108 1.5 0.9 
1 Hydrogen availability expressed as standard cubic feet H2 per barrel fatty acid feedstock. 
2 Hydrogen availability expressed as percentage of total stoichiometric requirement, assuming saturation of all fatty acid feedstock olefinic bonds and 100% 

conversion of feedstock to paraffin via mix of 50% reduction, 25% decarbonylation, and 25% decarboxylation. 
3 Catalyst batch. 
4 Conversion (expressed in wt%) of fatty acid feedstock to nonacid products. 
5 Ratio of nonacid C17 material (n-C17 + C17 olefins) to nonacid C18 material (n-C18 + C18 olefins), indicating extent of occurrence of decarboxylation/ 

decarbonylation versus reduction. 
6 Ratio of normal paraffins (n-C17 + n-C18) to olefins (C17 olefins + C18 olefins). 
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 The report in Appendix B provides an analysis of the extensive data set generated in the 
initial process variable testing effort. A brief summary of key findings includes the following: 
 

• In general, olefin formation appeared to be slightly decreased with saturated versus 
unsaturated (stearic versus oleic) fatty acids; however, additional data are needed to 
validate the occurrence and quantify the magnitude of this possible advantage associated 
with a preconversion low-severity olefin bond saturation step. 

 
• Although increasing temperature generally led to increased fatty acid conversion to 

nonacid products, it also generally led to increased production of undesirable products 
via cracking, reforming, and oligomerization reactions. 

 
• As hydrogen availability deceased, a general trend of increasing generation of cracking, 

reforming, and oligomerization products was observed, and with one notable exception 
(Test 17), this trend was exacerbated at increasing temperature. Evidence of this can be 
seen in the sequentially higher amount of unidentified compounds in the product from 
Test 12 to Test 16.  

 
• In contrast to the high-temperature/low-hydrogen-availability trends described above, at 

a temperature of 360°C and low (266 scfb) hydrogen availability (Test 17), stearic acid 
underwent 95% conversion to C17 and C18 paraffins and olefins (with a definite 
decarboxylation preference, as evidenced by a C17/C18 ratio of 1.5), with no detected 
formation of cracking, reforming, or oligomerization products. 

 
• Although Test 17 indicates that it may be possible to utilize a hydrotreating catalyst in a 

nontraditional operational mode—possibly including the use of presaturated 
feedstocks—to achieve specific performance and economic advantages versus traditional 
hydrotreating modes, consideration of alternative operational modes would need to 
include assessment of catalyst life span impacts as well as performance impacts. 

 
 While the initial process variable testing yielded many interesting results, possibly the most 
significant was the notable difference in the outcomes of Tests 3 and 8, which were performed 
under identical conditions. The fact that the conversions and product compositions resulting from 
these two tests were so different indicates the possibility of catalyst instability. Possible causes of 
instability could include catalyst incompatibility with the acidity of the high-FFA-content 
feedstock, low hydrogen availability, a combination of these, and others.  
 
 
PHASE 2 PROCESS VARIABLE TESTING WITH HYDROTREATING CATALYST 
 
 After review of initial process variable testing results, and in consultation with REG, it was 
decided to perform another series of process variable tests using stearic acid and the same Ni–Mo 
hydrotreating catalyst evaluated in the initial process variable tests (described in Section 6.0 of this 
report). The primary objectives were to: 
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1. Attempt to replicate the catalyst performance observed at the high-temperature and low-
hydrogen-availability (360°C and 266 scfb) conditions employed in Test 17 of the initial 
test series (as shown in Table 2.6-6). 

 
2. Evaluate catalyst performance at conditions similar to those used in Test 17, with the only 

difference being a reaction temperature of 340°C. 
 
 A report describing the execution and results of the Phase 2 process variable testing is 
provided as Appendix C; a short overview is provided here. As shown in Table 2.6-7, the high-
conversion and high paraffin yields achieved in some of the Phase 2 tests indicate that the idea of 
using a hydrotreating catalyst in a low-hydrogen/high-temperature operational mode to “push” the 
catalyst toward DCO may have merit. However, along with some of the encouraging results, it is 
important to note that the Phase 2 tests differed significantly compared to the earlier Test 17 (from 
the 11 April 2014 report) based on liquid product olefins content. The inability to replicate the 
earlier Test 17 results, combined with overall conversion and product composition inconsistencies 
observed within the Phase 2 results indicate the strong possibility of catalyst instability over the 
range of conditions tested and duration of the time on stream. Considering the feedstock and 
operating conditions utilized to generate the data reported here (and in the 11 April 2014 report), 
two probable contributors to this apparent instability are:  
 

• Acidity of the FFA feedstock. 
• Low hydrogen availability.  

 
 
LONG-TERM TESTING TO ASSESS FFA IMPACT ON CATALYST STABILITY  
 
 Work described in 11 April 2014 and 11 July 2014 reports (Appendixes B and C, 
respectively) comprised tests to evaluate application of a commercial Ni–Mo hydrotreating 
catalyst to convert a high-FFA-content feedstock (stearic acid) to paraffins. The tests were 
conducted using the EERC bench-scale fixed-bed reactor over a range of operating conditions 
including—most prominently—normal to low hydrogen availability. Results of the tests indicated 
the strong possibility of catalyst instability, and it was determined that the two most probable 
contributors to this apparent instability were:  
 

• Acidity of the FFA feedstock. 
• Low hydrogen availability.  

 
 To better assess the impact of feedstock acidity on catalyst stability, a series of long-term 
tests was conducted using small reactors capable of unattended operation for extended periods 
(weeks) of time. These small reactors were set up to operate at an excess (above the catalyst 
supplier-recommended minimum) hydrogen availability to assess whether feedstock acidity 
(100% FFA feedstock) is damaging the catalyst. A process diagram of the long-term catalyst 
evaluation apparatus is shown in Figure 2.6-7. All tests utilized a feedstock mixture of oleic acid 
reactant and dodecane solvent, in the following mass ratios: 
 

• Test 1 – 50/50 (n-C12/oleic) 
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Table 2.6-7. Stearic Acid Conversion and Product Composition Achieved with High-Temperature, Low-Hydrogen1 Processing 
Sample 
No. Sample Name 

Temp., 
°C Conv., wt%2 

Product Composition, wt% 
C17/C183 (n-P)/O4 Stearic Acid n-C17 C17 Olefin n-C18 C18 Olefin Total 

1 SSB140611-0945 340 59 42 16 NA5 14 NA 72 NA5 NA 

2 SSB140611-1945 340 81 20 16 NA 16 NA 52 NA NA 

3 SSB140612-0420 340 70 31 39 NA 15 NA 85 NA NA 

4 SSB140612-0915 340 72 29 46 NA 18 NA 93 NA NA 

5 SSB140612-1145 340 64 36 44 NA 17 NA 97 NA NA 

6 SSB140612-1645 340 75 26 46 NA 20 NA 92 NA NA 

7 SSB140613-0945 340 79 21 46 7 18 2 94 2.7 7.1 

End of Week 1 – System idled for 90 hours 

8 SSB140617-2200 340 97 3 56 NA 21 NA 80 NA NA 

9 SSB140618-1000 340 97 3 63 NA 23 NA 89 NA NA 

10 SSB140618-1600 340 95 5 60 6 22 2 95 2.8 10.25 

Temperature increased to 360°C 

11 SSB140618-2400 360 96 4 65 N/A 21 N/A 90 NA NA 

12 SSB140619-0400 360 96 5 61 N/A 20 N/A 86 NA NA 

13 SSB140619-0800 360 98 2 56 5 18 1 81 3.2 12.3 

14 SSB140619-1200 360 95 5 57 NA 18 NA 80 NA NA 

Temperature back to 340°C 

15 SSB140619-1600 340 60 41 73 NA 21 NA 135 NA NA 

16 SSB140619-2000 340 86 14 47 7 17 0 85 3.2 9.1 

Test 17 (11 April 2014 report)  360 95 5 33 28 17 25 108 1.5 0.9 
1 Hydrogen availability utilized for entire test series (and the previously conducted Test 17) was 266 scfb of H2 per bbl of stearic acid feedstock. 
2 Conversion (expressed in wt%) of stearic acid feedstock to nonacid products. 
3 Ratio of nonacid C17 material (n-C17 + C17 olefins) to nonacid C18 material (n-C18 + C18 olefins), indicating extent of occurrence of decarboxylation/ 

decarbonylation versus reduction. 
4 Ratio of normal paraffins (n-C17 + n-C18) to olefins (C17 olefins + C18 olefins). 
5 Not available, since olefin contents were quantified for Samples 7, 10, 13, 16, and 17 only. 
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Figure 2.6-7. Process diagram for long-term catalyst evaluation tests. 
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• Test 2 – 65/35 (n-C12/oleic) 
• Test 3 – 80/20 (n-C12/oleic) 
• Test 4 – 80/20 (n-C12/oleic) 

 
 Reactor dimensions consisted of an inside diameter of 0.37 inches, outside diameter of  
0.5 inches, and catalyst bed length of 3.5 inches. Process conditions utilized include the following: 
 

• Carrier gas composition: 100% hydrogen 
• Hydrogen availability: 4000 scfb 
• Oleic acid liquid hourly space velocity: 1 hour-1 
• Catalyst volume: 5 milliliters 
• Temperature: 300°C 
• Pressure: 600 psig 

 
 Details regarding the four tests are provided below. 
 

Test 1 – 50/50 n-C12/Oleic Acid 
 
• Start date: July 3, 2014, 8:14 a.m. 
• End date: October 7, 2014, 1:20 p.m. 
• Total time on catalyst: 2309 hours. 
• Termination cause: Carbon buildup at the inlet of reactor caused a plug, preventing flow of 

reactant gas and liquid across catalyst bed.  
 
 Figure 2.6-8 illustrates key results of the 50/50 n-C12/oleic acid test. In the top left graph, 
liquid product analysis closure refers to the ratio of the total concentration (sum) of quantified (via 
calibrated GC analysis) species—including stearic, oleic, and other acids and n-C15–C18 paraffins 
and olefins—to total concentration of quantified and unquantified (but analyzed) species. Also in 
the top left graph, material balance is estimated via mass-based comparison of liquid feedstock 
into the reactor versus liquid product out of the reactor. The top right graph compares oleic acid 
conversion to nonacid liquid products to its conversion to stearic acid based on calibrated GC 
analysis. The bottom left graph compares liquid product concentrations (measured via calibrated 
GC analysis) of oleic acid, stearic acid, n-C17, and n-C18, and the bottom right graph compares 
product gas concentrations (measured via online analysis using a calibrated laser gas analyzer) of 
CO, CO2, and methane (CH4). The above descriptions also apply to the “four-graph” figures 
summarizing the three other long-term test results described in subsequent sections of this report. 
Figure 2.6-9 illustrates reactor temperature and pressure profiles throughout the test duration. 
 
• The high liquid analysis closure observed throughout the test indicates the presence of few 

unknown products resulting from side reactions. 
 
• The high material balance shows high liquid product recovery for the duration of the test. 
 
• The high variability observed over the first 300 hours in all of the above trends in  

Figure 2.6-8 suggests the need for at least 500 hours to reach nominal steady state. 
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Figure 2.6-8. Results of 50/50 n-C12/oleic acid test. 
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Figure 2.6-9. 50/50 n-C12/oleic acid test reactor temperature and pressure profiles. 
 
 
• The drop in CO and CO2 product gas concentrations right before shutdown is due to the plug 

in the reactor. 
 
• The last data point is not representative of steady-state operation and is likely due to reactor 

plug-caused flow disruption.  
 
• A spike in the inlet pressure and outlet pressure was caused by an operations error during 

sampling. A valve on the outlet of the reactor was left closed in error causing a pressure buildup 
within the reactor. 

 
Test 2 – 65/35 n-C12/Oleic Acid 

 
• Start date: October 1, 2014, 11:30 a.m. 
• End date: October 25, 2014, 2:15 p.m. 
• Total time: 578 hours. 
• Termination cause: carbon buildup (plug) at the inlet of reactor. 
• The plugs generated in the 65/35 tests were similar in appearance to the plug described 

previously. 
• The plug in the reactor caused the shutdown before the scheduled sampling. As a result, data 

plots in Figure 2.6-10 contain data only until 478 hours even though the actual duration of the 
test is 578 hours.  
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Figure 2.6-10. Results of 65/35 n-C12/oleic acid test. 
 
 
 Figure 2.6-10 illustrates key results of the 65/35 n-C12/oleic acid test, and Figure 2.6-11 
illustrates reactor temperature and pressure profiles. Although the test duration was 578 hours, 
data shown in Figure 2.6-10 end nearly 4 days earlier because of reactor failure before the next 
scheduled liquid sample was collected. 
 
• The duration of the test was significantly shorter compared to 50/50 n-C12/oleic acid feed 

mixture because of an early onset of plugging in the reactor.  
 
• A nominal steady-state trend was observed over the duration of the test.  
 
• Increase in the inlet pressure seen towards the end of the run shown in Figure 2.6-11 shows the 

effect of the plug on the system. 
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Figure 2.6-11. 65/35 n-C12/oleic acid test reactor temperature and pressure profiles. 
 
 

Test 3 – 80/20 n-C12/Oleic Acid – Test 1 
 
• Start date: July 3, 2014, 8:15 a.m. 
• Pause date: July 11, 2014, 10:00 p.m. (about 206 hours). 
• Pause cause: leak (due to ruptured feed tubing) that led to pressure loss. Heaters were shut off, 

liquid feed and gas feed shut off, faulty tubing replaced, then liquid and gas feed restarted, 
followed by restarting heaters and repressurizing reactor.  

• Restart date: July 14, 2014, 10:00 p.m. 
• Pause date: July 21, 2014, 10:10 a.m. (about 180 hours).  
• Pause cause: high-pressure pump failure, unable to maintain 600 psig pressure. Same shutdown 

procedure as above, pump replaced, same restart procedure as above.  
• Restart date: July 22, 2014, 10:00 p.m. 
• End date: August 21, 2014, 9:45 p.m. (about 731 hours). 
• Total time: 1117 hours. 
• Termination cause: carbon buildup (plug) at the inlet of reactor. 
• Material balance data points outside of trend line are associated with shutdown/restart events. 
 
 Figure 2.6-12 illustrates key results of the first 80/20 n-C12/oleic acid test (Test 1), and  
Figure 2.6-13 illustrates reactor temperature and pressure profiles. 
 
• Although the duration of this test was longer than that of the 65/35 n-C12/oleic acid feed test, 

the total duration of the test was still shorter than the 50/50 n-C12/oleic acid feed test. 
 
• Three instances of stoppage of liquid feed occurred, which could have contributed to the 

variability in data. 
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• The total duration of the test was 1117 hours; however, the last liquid sample analyzed was 
867 hours. The last gas sample analyzed was at 1059 hours. 

 
• The low material balance between 200 and 400 hours occurred because of the loss of liquid 

feed during the first shutdown. 
 
• A drop in the CO and CO2 in the gas composition between 200 and 400 hours also occurred 

because of the loss of liquid feed to the reactor, which in turn caused a lesser amount of product 
gas being generated. 

 
• None of the operational data provides an explanation for increased CO2 production toward the 

end of the test. 
 
• Figure 2.6-13 shows the changes in pressure that occurred as a result of the leak and pump 

failure.  
 
 

 
 

Figure 2.6-12. Results from 80/20 n-C12/oleic acid, Test 1. 
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Figure 2.6-13. 80/20 n-C12/oleic acid, Test 1 reactor temperature and pressure profiles. 
 
 

Test 4 – 80/20 n-C12/Oleic Acid – Test 2 
 
• Start date: August 7, 2014, 4:20 p.m. 
• End date: September 24, 2014, 10:25 a.m. 
• Total time: 1146 hours. 
• Termination cause: carbon buildup (plug) at the inlet and upstream of the reactor. 
• Plug similar in appearance to plugs generated in other tests. 
 
 Figure 2.5-14 illustrates key results of the second 80/20 n-C12/oleic acid test (Test 2), and  
Figure 2.6-15 illustrates reactor temperature and pressure profiles. 
 
• The second 80/20 n-C12/oleic acid had no process upsets and lasted about the same duration 

as the first 80/20 n-C12/oleic acid feed test.  
 
• The relatively level CO and CO2 gas concentrations observed between 400 and 1000 hours 

indicate nominally steady-state behavior. 
 
• The rapid increase in reactor pressure at the end of the test illustrated in Figure 2.6-15 is 

indicative of the formation of a plug in the reactor. 
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Figure 2.6-14. Results of 80/20 n-C12/oleic acid, Test 2. 
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Figure 2.6-15. 80/20 n-C12/oleic acid, Test 2 reactor temperature and pressure profiles. 
 
 

Results 
 
 The primary finding of the tests is that a feedstock comprising up to 50% FFA (in the form 
of oleic acid) does not appear to negatively impact catalyst performance. Other key outcomes and 
observations regarding the tests are summarized below: 
 

• Test durations ranged from about 500 hours to about 2300 hours. In all cases, tests were 
terminated because of reactor plugging in the glass beads (used for catalyst packing) 
upstream of the catalyst bed. (Glass beads were also used for catalyst packing at the 
bottom [downstream] of the catalyst bed). The 50/50 test ran the longest at 2300 hours 
(almost 14 weeks).  

 
• Conversion of oleic acid to nonacids was approximately 100% throughout the 80/20 and 

65/35 tests and about 80% for the last 1200 hours of the 50/50 test.  
 

• In all tests, conversion of oleic acid to nonacid products was relatively constant 
throughout a significant portion of test duration, indicating a low amount of catalyst 
degradation over time on-stream.  

 
• The difference between product concentrations of CO and CO2 remained relatively 

constant throughout significant portions of test duration, indicating that catalyst aging 
results in roughly equal impacts on decarbonylation and decarboxylation.  

 
• Reasons for the relatively lower conversion and longer duration of the 50/50 test remains 

unclear. 
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• In all cases, plugging was observed just upstream of the catalyst bed, in the glass beads 
used as catalyst packing.  

 
 
CATALYST PERFORMANCE TESTS WITH MODIFIED REACTOR 
CONFIGURATION AND NEW SOLVENT  
 
 After discussing results described in Section 8 with REG, it was decided to undertake 
additional catalyst evaluation testing in accordance with REG-recommended reactor system and 
procedural modifications. Instead of dodecane, a commercially procured poly-alpha olefin (PAO) 
solvent was used to dilute oleic acid in a 3/1 (PAO/oleic acid) weight ratio. After discussions with 
REG, the decision was made to use PAO as a solvent in place of dodecane, as it was believed to 
be a closer representation of an industrially used solvent. A two-reactor system was used in 
which—to maintain reactor pressure while sampling—each reactor was fitted with a mass flow 
controller that refilled the back end of the reactor with hydrogen to minimize the effect of a drop 
in system pressure while sampling. Both reactors were fed the same feed with the intention that 
they would serve as replicates. The reactor length was increased and 60–100 mesh glass beads 
were added to the catalyst to reduce void space and improve flow distribution. The ratio of glass 
beads to catalyst was 1.5/1.0. Glass wool was used to pack the catalyst bed, at both the top 
(upstream) and bottom (downstream) of the catalyst bed. The reactor system setup is shown in 
Figure 2.6-16. Figure 2.6-17 shows how the catalyst was packed in the reactors. Thermocouple 
labels are included in Figure 2.6-16. For Reactor 3, TT5 is located in the glass wool upstream of 
the catalyst bed. TT9, TT10, TT11 are located in the catalyst bed from top to bottom at locations 
shown in Figure 2.6-17, and TT12 is located at the reactor exit at the bottom of the catalyst bed. 
For Reactor 4, TT7 is located in the glass wool at the inlet of the reactor upstream of the catalyst 
bed. TT13, TT14, TT15 are located in the catalyst bed from top to bottom in locations shown in 
Figure 2.6-17, and TT16 is located at the reactor exit at the bottom of the catalyst bed. 
 
 Two sets of tests were conducted using the reaction conditions described in Table 2.6-8, 
using two reactors (referred to as “Reactor 3” and “Reactor 4”). Prior to test initiation, catalyst was 
activated by sulfiding in a process similar to all of the previous tests performed with the 
commercial Ni–Mo catalyst as described in Section 6.0. The only difference in the sulfiding 
procedure was that PAO was used as the solvent in place of dodecane. 
 
 Two tests were performed on Reactor 3 and two tests were performed on Reactor 4. The first 
set of tests ran until the reactors plugged, and the reactors were shut down. Throughout the duration 
of the tests, the reactors were operated at 300°C and all other process conditions mentioned in  
Table 2.6-8. For the second set of tests, catalyst was loaded into each reactor in the same 
configuration as for the first set (as shown in Figure 2.6-17). In accordance with REG 
recommendations, the feed vessel was purged with nitrogen in order to remove any oxygen. In 
addition to purging the feed with nitrogen, heaters on the reactor were moved away from the 
entrance of the reactor, to minimize any possible effect of high temperature on the feed before 
contact with the catalyst. Results from both sets of tests follow. 
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Figure 2.6-16. Modified reactor setup for long-term catalyst tests. 
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Figure 2.6-17. Packing diagram. 
 
 

Table 2.6-8. Process Conditions for PAO Solvent Tests 

Feedstock 
Temperature, 

°C 
Pressure, 

psig 

Liquid Feed Gas Feed 
LHSV,1 

hr -1 

H2/Oil 
Flow Rate, 

mL/min 
Flow Rate, 

sccm 
Ratio, 
scfb 

25% Oleic Acid 300, 350, 400 600 0.85 133 1 4000 
75% PAO 
1 Liquid hourly space velocity. 
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Test 1 – 75/25 PAO/Oleic Acid 
 
Reactor 3 
• Start date: February 26, 2015, 1:00 p.m. 
• End date: March 22, 2015, 11:00 a.m. 
• Total time: 574 hours. 
• Termination cause: plug at reactor inlet that grew over time, as evidenced by long-term, gradual 

increase in differential pressure across reactor inlet and reactor outlet.  
 
Reactor 4 
• Start date: February 26, 2015, 1:00 p.m. 
• End date: March 22, 2015, 11:00 a.m. 
• Total time: 574 hours. 
• Termination cause: plug at reactor inlet that grew over time, as evidenced by long-term, gradual 

increase in differential pressure across reactor inlet and reactor outlet.  
 
 For both Reactor 3 and Reactor 4, the last liquid sample analyzed was at 502 hours. As a 
result, the plots in Figure 2.6-18 and 2.6-19 end at 502 hours. Figure 2.6-18 illustrates key Test 1 
results for Reactor 3 and Reactor 4. In the figure, liquid sample recovery was calculated as follows: 
  

Liquid sample recovery = ([weight of liquid product]/[weight of liquid feed]) × 100 
 
Conversion to nonacids was calculated as follows: 
 

Conversion = ([oleic acid wt% feed – total acid wt% product]/[oleic acid wt% feed]) × 100 
 

DCO = ([n-C17 wt% product]/[n-C17 wt% product + n-C18 wt% product]) 
 
 Figure 2.6-19 illustrates product gas composition data for Reactor 3 and Reactor 4, and  
Figures 2.6-20 and 21show temperature and pressure trends over the entire duration of Test 1. 
Specific locations for the thermocouple locations are shown in Figure 2.6-16. At approximately 
310 hours after starting Test 1 Reactor 3 and Reactor 4 runs, a power outage caused the feed pumps 
to shut down. Although the power resumed quickly, the pumps had to be manually restarted, and 
a problem was detected only half an hour after the power outage. Evidence of this upset can be 
seen in the pressure plots of Figures 2.6-20 and 21. 
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Figure 2.6-18. Results of 75/25 PAO/oleic acid, Test 1. 
 
 

 



 

2.6-30 

 
 

Figure 2.6-19. Gas composition data for Test 1. 
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Figure 2.6-20. Temperature and pressure trends for Test 1, Reactor 3. 
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Figure 2.6-21. Temperature and pressure trends for Test 1, Reactor 4. 
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Test 1 Results 
 
• Both reactors had to be shut down at approximately the same time because of plugs that caused 

high differential pressure across the bed, indicating good process replicability. 
 
• In the case of both reactor plugs, glass wool at the inlet of the reactor where temperature during 

the tests was typically about 100°C – TC (thermocouple)5 in Reactor 3, and TC7 in Reactor 4, 
is the location where the plug occurred. No evidence of a plug was seen on the glass wool at 
the outlet of the reactor, which was typically at a much higher temperature than the inlet. 

 
• After 500 hours of operation, the DCO selectivity of the catalyst gradually trended upward.  
 
• The reason for the increase in CO2 observed in Reactor 3 and Reactor 4 in Figure 2.6-19 is 

unclear. 
 
• Conversion was relatively constant over the entire duration of the test. 
 
• The modifications to the system included flow measurement at the refill valve, on the inlet of 

the reactor and the outlet of the reactor. The gas flow was measured with the intention of 
measuring the gas consumed in the reaction. However, the precision of hydrogen flow 
measurement was insufficient to account for hydrogen consumption, and these data were not 
reported.  

 
Test 2 – 75/25 PAO/Oleic Acid 

 
 In Test 2, each reactor was loaded with the same amount of catalyst in the same glass-to-
catalyst ratio as in Test 1. The catalyst was also packed and activated in the same manner as in 
Test 1. A key difference between the tests is that Test 2 employed temperature variation with the 
objective of studying the effect of temperature on DCO selectivity and oleic acid conversion. In 
an attempt to avoid the plugging that occurred in Test 1, the following two process changes were 
made:  
 

1. In order to avoid excessively heating the oleic acid feed before making contact with the 
catalyst, the cable heaters were wrapped more tightly, covering a reactor length of 
approximately 4 inches instead of the 5.3-inch span illustrated in Figure 2.6-17.  

 
2. The liquid in the feed vessel was purged with nitrogen in an attempt to remove any 

entrained oxygen within the feed mixture. 
 
 Three different reaction temperatures were tested during Test 2 while maintaining the other 
process conditions shown in Table 2.6-8. The changes in operating conditions applied to the 
system are listed below (in chronological order): 
 

• The reaction was started and operated at 300°C for approximately 8 days.  
 

• Reaction temperature was increased to 350°C for 3 days.  
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• Reaction temperature was dropped down to 300°C for approximately 3 days to obtain 
baseline data. 

 
• Reaction temperature was increased to 400°C for approximately 4 days. 

 
• Reaction temperature was again dropped down to 300°C for the remainder of the test. 

Following the return to 300°C, Reactor 3 operated for 5 days before plugging. Reactor 4 
operated for 2 days before being stopped because of a high-pressure drop across the 
reactor.  

 
Reactor 3 
• Start date: March 25, 2015, 11:30 a.m. 
• End date: April 20, 2015, 11:00 a.m. 
• Total time: 623 hours. 
• Termination cause: plug at reactor inlet that grew over time, as evidenced by long-term, gradual 

increase in differential pressure across reactor inlet and reactor outlet. 
 
Reactor 4 
• Start date: March 25, 2015, 11:30 a.m. 
• End date: April 15, 2015, 11:00 a.m. 
• Total time: 549 hours. 
• Termination cause: plug at reactor inlet that grew over time, as evidenced by long-term, gradual 

increase in differential pressure across the reactor inlet and reactor outlet. 
 
 Figures 2.6-22 and 23 show liquid and gas product analysis results, respectively, and  
Figures 2.6-24 and 25 show temperature and pressure data trends for the two reactors. 
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Figure 2.6-22. Results of 75/25 PAO/oleic acid, Test 2. 
 
 

 
 

Figure 2.6-23. Gas composition data for Test 2.  
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Figure 2.6-24. Temperature and pressure trends for Test 2, Reactor 3. 
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Figure 2.6-25. Temperature and pressure trends for Test 2, Reactor 4. 
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Test 2 Results 
 
• Shortening the heater zones of the reactors did not appear to impact plug formation, since plugs 

formed at roughly the same rate in the inlet of both reactors as in Test 1.  
 
• Shortening the heater zones caused a drop in the conversion to nonacids over time. This likely 

occurred because of a lower average bed temperature, which can be seen from the Test 1-
versus-Test 2 reactor temperature profile comparison shown in Figure 2.6-26. 

 
• Purging the feed vessels with nitrogen in an attempt to remove entrained air did not appear to 

decrease plug formation rate or increase test duration significantly. 
 
• Similar to observations from Test 1, DCO selectivity increased over time. 
 
• Increasing the temperature from 300° to 350°C resulted in an increase in DCO selectivity. 

However, after returning to 300°C, the DCO selectivity increased again and then trended 
gradually down. It is possible, had the duration of the baseline test condition been longer, DCO 
selectivity would have continued to decrease to baseline levels. 

 
• The effect of temperature on the DCO selectivity is clearer by observing the gas composition 

plots where there is a drop in the CO2 concentration every time there is a drop in the 
temperature. Although this drop in CO2 is not back to baseline condition, there is an apparent 
upward trend while observing data points at 300°C. As discussed above, had the duration of 
baseline test conditions been longer, CO2 concentration would likely have continued to 
baseline levels.  

 
• Increasing the temperature from 300° to 400°C resulted in another increase in DCO selectivity. 

Again, returning the reactor temperature back down to 300°C resulted in another increase in 
DCO selectivity followed by a downward trend.  

 
• Higher temperatures give higher conversion of oleic acid to nonacids. 
 
• Plugs from both reactors were removed for inspection and analysis. The plugs were positioned 

at the reactor inlet just upstream of the catalyst bed in the space occupied (prior to test 
initiation) by the glass wool used as the top layer of catalyst packing, where the temperature 
during testing was typically about 100°C. Figure 2.6-27 shows a plug (top) in relation to 
catalyst (middle) and bottom glass wool (bottom) as extracted from the reactor at the test 
conclusion. When removed from the reactor and visually inspected, the plugs appeared to 
comprise a “friable” black material shaped into relatively brittle cylinders roughly equivalent 
in volume to the reactor vessel volume originally occupied by the glass wool catalyst packing. 
Because of its color, consistency, and apparent friability, the black material was suspected to 
comprise a significant amount of carbon, and qualitative scanning electron microscopy (SEM) 
analysis of the plug indicated a significant carbon presence. Extraction of the plugs with 
tetrahydrofuran (THF) and qualitative GC–mass spectrometry (MS) analysis of the THF 
extracts indicated that the extracts comprised primarily oleic acid (about 90%–99%) with 
smaller amounts of stearic acid and methyl stearate (about 1%–10%). Reasons for the 
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consistent formation of these reactor-clogging plugs are being explored. Samples of the plugs 
are being provided to the catalyst supplier for analysis.  

 
• Neither THF extract (from Reactor 3 or Reactor 4) showed any evidence of oleic acid 

decomposition or oligomerization products.  
 
• After returning to baseline temperature (300°C), conversion dropped, and baseline conversion 

was not achieved prior to the next temperature increase. This behavior was seen when 
increasing temperature from 300°C to 350°C and 300°C to 400°C. 

 
• Conversion was 100% at all temperatures above 300°C. 
 
• CH4 production increased at higher temperatures.  
 
 

 
 

Figure 2.6-26. Comparison of temperature profiles of Test 1 and Test 2 at 300°C. 
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Figure 2.6-27. Photograph of reactor plug. 
 
 
MAJOR PROJECT CONCLUSIONS 
 
• Although the literature and patent review pointed toward Pd as an ideal (although expensive) 

decarboxylation catalyst, tests conducted with commercial Pd/C and Pd/A catalysts yielded 
unpromising results. With both catalysts, overall conversion and decarboxylation levels were 
initially high but were sustainable for only a relatively short time, after which both performance 
indicators began a steady decline. Although reasons for the observed unsustainable 
performance are unclear, most of the literature data reviewed were associated with batch versus 
continuous process tests, and no literature data were found to support the use of Pd as a catalyst 
for commercial-scale continuous conversion of FFAs to alkanes. 

 
• A long-term test conducted with a commercial Ni–Mo hydrotreating catalyst and a feedstock 

comprising a mixture of 50% oleic acid and 50% dodecane resulted in no discernable negative 
impact on catalyst activity, lifetime, or DCO selectivity, indicating that high (up to 50%) FFA-
content materials may represent acceptable hydrotreating feedstocks. 

 
• Based on the above test and other long-term tests with the same commercial Ni–Mo 

hydrotreating catalyst, achieving steady-state operation typically took at least 200 hours and 
sometimes significantly longer. 
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• In numerous long-term tests conducted with the above-referenced Ni–Mo hydrotreating 
catalyst and feedstocks comprising oleic acid diluted to 20% or 25% in either dodecane or a 
commercial PAO solvent, the formation and slow, gradual growth of reactor plugs resulted in 
premature test conclusion. The plugs were positioned at the reactor inlet just upstream of the 
catalyst bed in the space occupied (prior to test initiation) by the glass wool used as the top 
layer of catalyst packing, where the temperature during testing was typically about 100°C. 
When removed from the reactor and visually inspected, the plugs appeared to comprise a 
friable black material shaped into relatively brittle cylinders roughly equivalent in volume to 
the reactor vessel volume originally occupied by the glass wool catalyst packing. Because of 
its color, consistency, and apparent friability, the black material was suspected to comprise a 
significant amount of carbon, and qualitative SEM analysis of the plug indicated a significant 
carbon presence. Extraction of the plugs with THF and qualitative GC–SEM analysis of the 
THF extracts indicated that the extracts comprised primarily oleic acid (about 90%–99%) with 
smaller amounts of stearic acid and methyl stearate (about 1%–10%). Reasons for the 
consistent formation of these reactor-clogging plugs are being explored. Samples of the plugs 
are being provided to the catalyst supplier for analysis. It is anticipated that the plug analysis 
results will be helpful in developing a theorized mechanism for plug formation and a strategy 
for its mitigation.  

 
• Also based on long-term tests with the same commercial hydrotreating catalyst, increasing 

reactor temperature from a catalyst manufacturer-recommended 300°C to 350°C (under 
catalyst manufacturer-recommended hydrogen level) increased conversion from 85% to 100% 
and DCO selectivity from 0.2 to 0.3; while increasing reactor temperature from 300° to 400°C 
increased conversion from 85% to 100% and DCO selectivity from 0.2 to 0.4. DCO selectivity 
is calculated as the following: 

 
Product concentration of n-C17 divided by product concentrations of n-C17 + n-C18 

 
• While these results support the viability of using higher temperature to “push” a hydrotreating 

catalyst toward DCO and away from reduction, it is important to remember that a DCO 
selectivity of 0.4 means that higher hydrogen consumption FFA reduction still accounts for 
60% of FFA conversion, and the effect of high-temperature operation on catalyst lifetime 
would need to be investigated.  

 
 
RECOMMENDATIONS 
 
 Data generated during the project indicate that—if maximum DCO selectivity is desired in 
the conversion of high-FFA feedstocks to distillate-range paraffins—further testing with one or 
more Ni–Mo hydrotreating catalysts to establish optimal “high-DCO-selectivity” operational 
parameters is warranted. Key objectives of the additional testing should include: 
 

• Optimizing operating conditions—including temperature, pressure, residence time, and 
hydrogen input—based on conversion of specific commercial-grade feedstocks to desired 
products. 
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• Assessing the impact of optimized operating conditions on catalyst lifetime.  
 
 Key to conducting the test program summarized here will be solving the reactor plug 
problem described in the Conclusions section. Assuming the problem is solved and high-DCO-
selectivity operating conditions are found to be nondeleterious to catalyst life, the resulting data 
could be used as the basis for establishing hydrogen consumption scenarios for specific feedstocks, 
projection of commercial-scale hydrogen requirements, and comparison of hydrogen supply 
options. 
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FEEDSTOCK CHARACTERIZATION SUMMARY 
 
 

Renewable Energy Group has an interest in developing a catalytic process for conversion of 
free fatty acid (FFA) feedstocks to fuels and chemicals via primarily a decarboxylation pathway. 
For the purpose of catalyst screening and initial process development activities, three feedstocks—
unsaturated beef tallow FFA, saturated beef tallow FFA, and stearic acid—were selected for 
testing. Feedstock was procured and samples were analyzed to obtain physical and chemical 
properties. Unsaturated beef tallow FFA is representative of commonly available waste oils and 
will form the basis for technology development. Saturated beef tallow-derived FFA was procured 
to evaluate the impact of olefin saturation on FFA conversion, decarboxylation selectivity, and 
catalyst life. Stearic acid is a pure FFA and will be used as a surrogate feedstock for initial process 
development testing. Stearic acid makes up nearly 65% of saturated beef tallow and can serve as 
a simple platform from which to evaluate conversion of FFA to alkanes and other possible side 
products. A summary of characterization data for each feedstock is provided in Table A-1. 
Chromatograms of beef tallow FFA, saturated beef tallow FFA, and stearic acid are illustrated in 
Figures A-1–A-3 respectively.  
 
 
TRACE METAL CONTAMINANTS 
 

Metals and halides in feedstock can adversely impact catalyst life and in some cases 
irreversibly poison the active metal sites. Sulfur is well documented as a catalyst poison and, 
according to vendors, can have negative effects on palladium (Pd) catalyst viability at 
concentrations as low as 2 parts per million (ppm). The two beef tallow-derived FFAs 
characterized for this report ranged in sulfur concentration from <0.5 to 4.52 ppm. Similarly, 
several halides were present in varying concentrations in the FFA feedstocks analyzed. Based on 
this limited data set, it is possible that sulfur and/or halides in commercially attractive feedstock 
oils will exceed acceptable levels for some catalysts. It may be necessary to investigate the 
effectiveness of feedstock pretreatment processes to remove metals and/or halides prior to 
decarboxylation. It is likely that nonprecious metal catalysts will have a significantly greater 
tolerance to contaminants and, in addition to lower procurement cost, provide a more commercially 
viable alternative to palladium.  
 
 
HIGH-MOLECULAR-WEIGHT COMPOUNDS 
 

Following reactor system operation for approximately 40 hours with a palladium-on-carbon 
(Pd/C) catalyst and saturated beef tallow FFA feedstock, catalyst was first rinsed with hexane in 
situ after which it was recovered from the reactor and immersed in tetrahydrofuran and placed on 
a shaker table overnight. The solvent was analyzed via gas chromatography (GC) and found to 
contain small amounts of high molecular-weight compounds. Similar analysis (GC) of the 
feedstock revealed identical compounds in the feedstock, indicating that the compounds were not 
generated as reaction products. Testing may be required to determine if these compounds have an 
impact on catalyst life.  
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Table A-1. Fatty Acid Feedstock Characterization Summary 

Test Method 
Unsaturated Beef 

Tallow FFA 
Saturated Beef 

Tallow FFA 
Stearic 
Acid 

Iodine Value, g I2/100 g Cd 1c-85 47.1 <1 – 
Acid Value, mg KOH/g D664 207.1 200–207 – 
Free Fatty Acid, % Ca 5a-40 105 101.6 – 
Moisture, Karl Fischer, % Ca 2e-84 0.022 <0.0008 – 
Viscosity at 100°C, mm2/s D445 2.46 3.16 4.169 
Viscosity at 300°F, mm2/s D445 2.32 2.45 2.6 
Viscosity at 350°F, mm2/s D445 1.66 – – 
Specific Gravity at 60°F Cc 10a-25 0.8917 0.886 0.9408 
Flash Point, °C Cc 9b-55 198 197 110 
Sulfur, ppm D2622 4.52 <3.0 No analyzed 
Sulfur, ppm D5453 Not analyzed <0.5 <1.0 
Phosphorus, ppm Ca 12-55 <4 – – 
Initial Boiling Pt., °F D1160 626.3 702.0 – 
Final Boiling Pt., °F D1160 722.8 732.7 721 
Final Recovery, %v D1160 98.9 98.3 – 
Fatty Acid, % Ce 2-66 
C8  1.1 – – 
C10  0.4 – – 
C12  1.4 0.1 – 
C14  3.2 2.9 – 
C16  23.4 26.2 0.8 
C16-1  1.0 0.6 – 
C17  1.4 1.6 0.3 
C18  19.2 65.6 96.4 
C18-1  38.9 0.3 1.5 
C18-2  2.8 – 0.1 
C18-3  0.4 – – 
C20  – 0.7 0.9 
C20-1  0.2 – – 
Total  93.4 97.3 100 

Metals, ppm ICP-OES Ca17-01 
Copper  <0.10 0.07 <0.5 
Phosphorus  <0.11 19.5 <0.5 
Iron  0.20 1.63 <0.5 
Aluminum  <0.05 0.92 <0.5 
Lead  <0.04 <0.04 <0.5 
Tin  <0.10 <0.10 <0.5 
Molybdenum  <0.01 <0.01 <0.5 
Silicon  0.10 0.29 <0.5 
Nickel  <0.03 <0.03 <0.5 
Silver  – <0.01 <0.5 
Magnesium  <0.04 47.1 <0.5 
Chromium  <0.01 <0.04 <0.5 
Titanium  <0.03 <0.03 <0.5 
Vanadium  <0.01 <0.01 <0.5 
Barium  <0.10 <0.01 <0.5 
Potassium  1.00 130 <0.5 
Sodium  1.20 9.42 0.6 
Calcium  0.40 22.2 4.4 
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MISCIBILITY 
 

Beef tallow FFA is solid at room temperature, making it necessary to heat the reactor feed 
system to prevent plugging. As an alternative to heating, an appropriate solvent can be used to 
dissolve the FFA. This approach is well documented in the literature. A solvent-based FFA 
conversion process can simplify operation and pumping, has been credited with increasing catalyst 
life, and has applicability in simulating a recycle-based process configuration (provided the solvent 
used is chemically similar to the material to be recycled). The Energy & Environmental Research 
Center (EERC) conducted a series of tests to evaluate methanol, dodecane, and hexane as beef 
tallow FFA solvents based on solvent–FFA mixture melting point. At room temperature, all 
solvent–FFA mixtures were solid. Increasing the temperature to 101°F was necessary to melt 
mixtures of 10% FFA in methanol, dodecane, and hexane. Table A-2 illustrates the effect of 
temperature and FFA concentration on melting point.  
 
 

 
 

Figure A-1. Chromatogram of beef tallow FFA. 
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Figure A-2. Chromatogram of saturated beef tallow FFA. 
 
 

 
 

Figure A-3. Chromatogram of stearic acid. 
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Table A-2. Melting Point of Beef Tallow FFA–Solvent Mixtures  
Temp. Solvent FFA Concentration in Solvent, wt% 

101°F 
Methanol 10% 15% 20% 30% 50% 
Dodecane 10% 15% 20% 30% 50% 
Hexane 10% 15% 20% 30% 50% 

111°F 
Methanol 10% 15% 20% 30% 50% 
Dodecane 10% 15% 20% 30% 50% 
Hexane 10% 15% 20% 30% 50% 

121°F 
Methanol 10% 15% 20% 30% 50% 
Dodecane 10% 15% 20% 30% 50% 
Hexane 10% 15% 20% 30% 50% 

125°F 
Methanol 10% 15% 20% 30% 50% 
Dodecane 10% 15% 20% 30% 50% 
Hexane 10% 15% 20% 30% 50% 

Sample is solid. 
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FATTY ACID CONVERSION TO ALKANES USING NICKEL–MOLYBDENUM 
HYDROTREATING CATALYST 

Summary of Experimental Procedures and Results – 11 April 2014 
Chad Wocken, Malhar Khambete, Ramesh Sharma, Marc Kurz, Ted Aulich 

 
 
OBJECTIVES 
 

A series of experiments was conducted to evaluate the performance of a commercial nickel–
molybdenum (Ni–Mo) hydrotreating catalyst in converting stearic acid and oleic acid (both of 
which are linear 18-carbon [C18] fatty acids) to alkanes. Key experimental objectives were to 
evaluate the impact of hydrogen availability and temperature on: 

 
• Conversion of fatty acid feedstock to nonacid products—ideally, paraffins in the diesel 

fuel carbon number range of C10–C18. 
 

• Extent of occurrence of fatty acid feedstock decarboxylation (conversion to C17 paraffin/ 
olefin plus carbon dioxide [CO2]) or decarbonylation (conversion to C17 paraffin/olefin 
plus carbon monoxide [CO] and water) versus reduction (conversion to C18 paraffin/ 
olefin plus water). 

 
• Yield of paraffins versus olefins. 

 
Because commercially viable renewable diesel fuel production would likely require the use 

of lower-cost feedstocks comprising varying proportions of saturated and unsaturated fatty acids, 
another important objective was to investigate whether—and to what extent—saturated and 
unsaturated fatty acids behave differently in a varying range of “hydrogen availability” processing 
environments. Because they differ by only the presence of a single unsaturated (olefinic) carbon 
bond, stearic acid and oleic acid represent appropriate feedstocks for pursuit of this objective. 
 
 
PROCESS INPUTS 
 

The Ni–Mo catalyst utilized in all tests described in this report was provided by a commercial 
catalyst supplier. Experiments were conducted using two separate batches of the Ni–Mo catalyst. 
The stearic acid and oleic acid feedstocks were procured from Fisher Scientific and Alfa Aesar, 
respectively. Table B-1 provides compositional analyses of the two feedstocks. 
 
 
EXPERIMENTAL SETUP 
 

Tests were conducted using a bench-scale fixed-bed reactor system, a schematic of which is 
provided as Figure B-1. Along with the reactor vessel, the reactor system included a “heat-
jacketed” syringe pump for liquid feed, heat-traced gas feed lines (all 316 stainless steel) and mass 
flow controllers for nitrogen and hydrogen supply, primary and secondary product collection pots,  
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Table B-1. Composition of Fatty Acid Feedstocks 
Fatty Acid Stearic Acid, wt%1 Oleic Acid, wt%2 
C16:0 0.8 0.2 
C17:0 0.3 0.0 
C18:0 96.4 2.6 
C18:1 1.5 90.0 
C18:2 0.1 6.0 
C18:3 0.0 0.1 
C20:0 0.9 0.0 
C20:1 0.0 0.0 
Total 100.0 98.9 
1 Compositional analysis data provided by SGS Agricultural Services, Deer Park, Texas. 
2 Compositional analysis data provided by Alfa Aesar. 

 
 

 
 

Figure B-1. Bench-scale fixed-bed reactant system. 
 
 

an online laser gas analyzer, and a pressure control valve. The reactor was set up in trickle-flow 
(downflow) configuration with an axially located multipoint thermocouple arrangement. The 
reactor had an outside diameter of 1 inch, inside diameter of 0.83 inches, total length of 5 inches, 
and catalyst bed length of 4 inches. Thermocouples were located at the outlet (0-inch point), middle 
(2-inch point) and inlet (4-inch point) of the catalyst bed. The catalyst was supported by a 0.5-inch 
layer of glass beads at both the outlet and inlet. The entire reactor vessel was submerged in a sand 
bath fluidized using nitrogen, and heated using two 3000-watt flexible ceramic band heaters.  
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FEED PREPARATION 
 

Stearic acid and oleic acid feeds were dissolved in normal dodecane (n-C12) at a weight/ 
weight proportion of 20/80 fatty acid/n-C12. Dimethyl disulfide (DMDS) was added to the feed at 
a level of 500 parts per million (ppm) to maintain catalyst activity during operation. Because stearic 
acid is solid at room temperature, prior to its introduction into the syringe pump, the stearic acid 
feed mixture was heated to 60°C (with stirring) to ensure homogenous liquidity. Although no 
heating was necessary with the oleic acid feed (since oleic acid is liquid at room temperature), the 
syringe pump was maintained at 60°C while operating with oleic acid in the interest of keeping all 
operations with the two feedstocks as identical as possible. 
 
 
TEST OPERATION 
 

During test operations, the syringe pump and all feedstock and product transfer lines were 
maintained at a temperature of 60°C. Desired hydrogen and nitrogen flow rates were maintained 
using mass flow controllers capable of metering 10–200 standard cubic centimeters (sccm) of 
hydrogen and 100–1000 sccm of nitrogen. The online laser gas analyzer was set to analyze product 
gas at 60-second intervals (and at a flow rate of 130 sccm) for concentrations of CO, CO2, H2, 
H2O, CH4, CxHx, H2S, and N2. Prior to initiation of testing, each catalyst batch underwent the 
conditioning procedure described in Table B-2. 
 
 

Table B-2. Catalyst-Conditioning Procedure 
Step  Step Description 
1 Establish pressure of 600 pounds/inch2–gauge (psig) and begin H2 flow at 1000 sccm. 
2 Heat reactor to 150°C and hold for 1 hour. 
3 Increase temperature to 200°C and hold for 1 hour. 
4 Start flow of 0.8 wt% DMDS in n-C12 at 2 milliliters (mL)/minute; maintain for 1 hour. 
5 Increase temperature to 230°C. 
6 Start flow of 1.5 wt% DMDS in n-C12 at 2 mL/minute; maintain for 3 hours. 
7 Continue flow until occurrence of hydrogen sulfide (H2S) breakthrough. 

 
 
RESULTS OVERVIEW 
 

Table B-3 summarizes the catalyst evaluation test results, with tests listed in the order in 
which they were conducted. The “Product Composition, wt%” results reported in Table B-3 were 
derived from gas chromatography (GC) analyses of liquid product samples collected over a period 
of steady-state operation under a prescribed set of test conditions. Following sample collection 
(samples ranged in volume from 20 to 150 mL), a 50-milligram aliquot of the sample was diluted 
in 10 mL of methylene chloride along with 20 milligrams of anisole, which was added as a GC 
analysis “internal standard.” Raw data from GC analysis of the resulting solution was correlated 
with data from a set of GC calibration standards analyzed under identical conditions to derive the 
wt% product composition data provided in Table B-3. The “Conv., wt%” values in Table B-3 
represent the portion of fatty acid feedstock converted to nonacid products, and values in the 
“Total” column represent the sum of all quantified product constituents and provide an indication 
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Table B-3. Fatty Acid Conversion and Product Composition 

Test Feed 

H2 
T, 
°C Cat.3 

Conv., 
wt%4 

Product Composition, wt% 

C17/C185 (n-P)/O6 SCFB1 %2 
Stearic 
Acid 

Oleic 
Acid 

n-
C17 

C17 
Olefin 

n-
C18 

C18 
Olefin Total 

1 
Oleic 

3222 290 

300 

1 62 14 24 17 4 26 5 90 0.7 4.5 
2 2422 218 1 58 14 28 11 4 18 5 80 0.6 3.2 
3 1611 145 1 25 17 58 10 4 16 5 110 0.6 2.6 
4 

Stearic 
1897 290 2 68 33 0 24 6 27 6 96 0.9 4.2 

5 654 100 2 33 67 0 10 10 7 6 100 1.5 1.0 
6 232 36 2 33 68 0 5 7 3 5 88 1.5 0.6 
7 

Oleic 
556 50 2 42 22 37 6 7 5 5 82 1.3 0.9 

8 1611 145 2 73 19 9 26 10 22 8 94 1.2 2.6 
9 Stearic 377 58 2 40 60 0 4 3 6 5 78 0.7 1.2 
10 Oleic 926 83 2 46 20 35 7 7 8 4 81 1.1 1.4 
11 Stearic 235 36 

320 
2 53 47 0 6 5 8 7 71 0.8 1.1 

12 Oleic 333 30 2 74 17 10 14 13 10 5 69 1.9 1.4 
13 

Oleic 
233 21 330 2 60 18 23 4 7 3 5 60 1.3 0.6 

14 233 21 340 2 68 15 18 5 9 4 6 57 1.5 0.6 
15 233 21 350 2 82 11 8 8 13 4 7 51 1.9 0.6 
16 Oleic 189 17 

360 
2 85 10 6 10 3 4 2 35 2.4 2.6 

17 Stearic 266 41 2 95 5 0 33 28 17 25 108 1.5 0.9 
1 Hydrogen availability expressed as standard cubic feet per barrel fatty acid feedstock. 
2 Hydrogen availability expressed as percentage of total stoichiometric requirement, assuming saturation of all fatty acid feedstock olefinic bonds and 100% 
conversion of feedstock to paraffin via mix of 50% reduction, 25% decarbonylation, 25% decarboxylation. 

3 Catalyst batch. 
4 Conversion (expressed in weight%) of fatty acid feedstock to nonacid products. 
5 Ratio of nonacid C17 material (n-C17 + C17 olefins) to nonacid C18 material (n-C18 + C18 olefins), indicating extent of occurrence of 
decarboxylation/decarbonylation versus reduction. 

6 Ratio of normal paraffins (n-C17 + n-C18) to olefins (C17 olefins + C18 olefins). 
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of the liquid product analysis closure achieved for each test. A material balance was also estimated 
for each test using a mass-based comparison of liquid feedstock into the reactor versus liquid 
product out of the reactor. As illustrated in Figure B-2, most of the tests resulted in a material 
balance of between 92% and 98% (as expected because of mass loss in the form of CO2, CO, and 
water), which indicates minimal undesired conversion of feedstock to hydrocarbon gas products 
like methane, ethane, and propane. Figure B-2 also illustrates the liquid product analysis closure 
achieved for each test, which refers to the ratio of total concentration of quantified (via calibrated 
GC method) species (stearic, oleic, other acids; n-C15–18 paraffins and olefins) to total 
concentration of quantified and unquantified (but analyzed) species.  
 
 

 
 

Figure B-2. Material balance and liquid product analysis closure achieved with each test. 
 
 

In addition to the temperature and hydrogen availability levels listed in Table B-3, additional 
processing conditions that remained unchanged throughout all tests include the following: 
 

• Mass catalyst charge – 20 grams 
• Volume catalyst charge – 30 mL 
• Reaction pressure – 600 psig 
• Total liquid (fatty acid plus dodecane) feed rate – 2.5 mL/minute 
• Fatty acid liquid hourly space velocity – 1 hour-1 
• Hydrogen concentration in nitrogen – 25% 

 
As shown in Table B-3, the first three tests were performed utilizing Catalyst Batch 1 and 

oleic acid feedstock, and the next three utilized Catalyst Batch 2 with stearic acid feedstock. Initial 
tests performed with both catalyst batches utilized a catalyst supplier-recommended reaction 
temperature of 300°C and varying hydrogen levels. In the table, hydrogen availability is expressed 
in two ways: 
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1) As scfb of fatty acid feedstock. 
 

2) As a percentage of “total stoichiometric hydrogen requirement,” calculated based on the 
amount of hydrogen needed to saturate all feedstock olefin bonds and convert 100% of 
feedstock to paraffins via a conversion reaction mix of 50% reduction (which requires  
3 moles H2 per mole fatty acid), 25% decarbonylation (1 mole H2 per mole fatty acid), 
and 25% decarboxylation (0 moles H2). 

 
Because a key objective was to evaluate the impact of low hydrogen availability on  

1) overall conversion of fatty acid feedstock to paraffins and 2) extent of occurrence of 
decarboxylation and decarbonylation versus reduction (deoxygenation), planned hydrogen 
availability levels were set lower than would be utilized if the objective was to achieve maximum 
conversion via a traditional catalytic hydrotreating approach, which would call for hydrogen levels 
of 4000 to 6000 scfb, as recommended by the catalyst supplier. As shown in the table, after 
conducting Tests 1–3 with oleic acid feedstock, the catalyst was changed out (switched from  
Batch 1 to Batch 2) and Tests 4–6 were conducted with stearic acid feedstock. The original test 
plan called for conducting only Tests 1–6 using identical hydrogen availabilities for oleic and 
stearic acid tests; however, because Tests 1–3 with oleic acid and Test 4 with stearic acid did not 
appear to result in any undesired feedstock cracking to smaller (lower carbon number) species, it 
was decided to attempt to “push” the catalyst toward decarboxylation by further reducing hydrogen 
availability in Tests 5 and 6. Following completion of Test 6, it was decided to continue testing 
with Catalyst Batch 2. Test 7 was an attempt to look at the impact of low hydrogen availability on 
oleic acid conversion at 300°C, and Test 8 was an attempt to replicate Test 3. The remaining tests 
were conducted to evaluate the impact of increasing temperature and low hydrogen availability on 
the balance between decarboxylation/decarbonylation and reduction. More details on test 
outcomes are provided below. 
 
 
IMPACT OF VARYING HYDROGEN AVAILABILITY AT 300°C 
 

Figure B-3 illustrates the impact of hydrogen availability on single-pass conversion of fatty 
acid feedstock to nonacid products at a catalyst supplier-recommended 300°C operating 
temperature. The graph indicates that both feedstocks undergo a similar increase in conversion as 
hydrogen availability increases. The wide variation in oleic acid conversion achieved in the two 
145% H2 availability tests (Tests 3 and 8, which were performed under identical processing 
conditions but with separate batches of catalyst) indicates the possibility of a significant difference 
in the activity of the two catalyst batches. Although a cause for such a significant difference has 
not been established, it may be related to the different utilization histories of the two catalyst 
batches prior to their use in the two tests in question. Product gas data for the two tests are provided 
in Table B-4. Figure B-4 illustrates the impact of hydrogen availability on fatty acid conversion to 
n-C17 (indicating the occurrence of decarboxylation/decarbonylation), Figure B-5 illustrates the 
impact of hydrogen availability on conversion to n-C18 (indicating the occurrence of reduction), 
and Figure B-6 illustrates the impact of hydrogen availability on conversion to C17 + C18 olefins. 
Significant differences between the Test 3 and 8 outcomes are observed in all three figures. 
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Figure B-3. Effect of hydrogen availability on fatty acid conversion to nonacid products at 
300°C. 

 
 
Table B-4. Analysis of Product Gas – Oleic Acid Conversion at 300°C and 145% H2 
Availability  

Test No. 
Product Gas Composition, % 

H2O H2S N2 H2 CO2 CO CH4 
3 0 0.04 79.59 16.52 0.43 0.51 0.08 
8 0 0.12 82.29 9.48 2.37 0.66 0.19 
% Change 0 220 3 – 43 458 31 138 
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Figure B-4. Effect of hydrogen availability on fatty acid decarboxylation/decarbonylation at 
300°C. 

 
 

 
 

Figure B-5. Effect of hydrogen availability on fatty acid reduction (deoxygenation) at 300°C. 
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Figure B-6. Effect of hydrogen availability on fatty acid conversion to olefins (C17 + C18) at 
300°C. 

 
 
IMPACT OF VARYING TEMPERATURE AT LOW HYDROGEN AVAILABILITY 
 

Figures B-7–B-10 illustrate the impact of increasing temperature—at hydrogen availabilities 
of less than 557 scfb—on fatty acid: 
 

• Conversion to nonacid products (Figure B-7). 
• Decarboxylation/decarbonylation (Figure B-8). 
• Reduction (Figure B-9). 
• Conversion to olefins (Figure B-10). 

 
Although the figures show a linear increase in fatty acid conversion along with increasing 

temperature, they also show general trends (especially with oleic acid) toward flat or decreasing 
levels of decarboxylation/decarbonylation, reduction, and C17 + C18 olefins production. In 
addition, as shown in Figure B-11, increasing temperature at low hydrogen availability generally 
resulted in a significantly reduced ability to achieve liquid product analysis closure, which appears 
to be due to production of small quantities of a wide-carbon-number range of hydrocarbon and 
oxygen-containing molecules via cracking, reforming, and oligomerization reactions. In general, 
cracking reactions convert larger molecules to smaller molecules, reforming results in production 
of aromatics (and other nonlinear molecules), and oligomerization reactions combine single 
molecules into larger molecules of double, triple, and larger size. Although the GC analytical 
method developed for liquid product analysis was not designed to detect and quantify these 
molecules, their presence was detected (in increasing quantities with increasing temperature) via  
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Figure B-7. Effect of temperature (at low hydrogen availability) on fatty acid conversion to 
nonacid products. 

 
 

 
 

Figure B-8. Effect of temperature (at low hydrogen availability) on fatty acid 
decarboxylation/decarbonylation. 
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Figure B-9. Effect of temperature (at low hydrogen availability) on fatty acid reduction 
(deoxygenation). 

 
 
 

 
 

Figure B-10. Effect of temperature (at low hydrogen availability) on fatty acid conversion to 
olefins (C17 + C18). 
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Figure B-11. Effect of temperature (at low hydrogen availability) on liquid product analysis 
closure. 

 
 
the use of specialized mass spectrometry analysis methods. Although produced in small quantities, 
these molecules represent a large number of individual species, and because they are not addressed 
by the method used for liquid product analysis, their cumulative effect is to reduce liquid product 
analysis closure as temperature goes up and hydrogen availability is maintained at a low level.  
 

Of significance in the higher-temperature, lower-hydrogen-availability results is the 
outcome of the stearic acid test performed at 360°C (Test 17). Not only did this test result in the 
highest conversion achieved in the experiment series, it also yielded a material balance of 108%, 
which was corroborated by the inability to detect any significant presence of cracking, reforming, 
or oligomerization reaction products. Adding to the significance of this stearic acid test is its 
comparison to the 360°C test performed with oleic acid under similar conditions (Test 16), which 
yielded significant levels of cracking, reforming, and oligomerization products, resulting in a 
liquid product analysis closure of only 34%. 
 
 
SUMMARY OF FINDINGS AND RECOMMENDATIONS 
 

The experimental activities described in this report were conducted to evaluate the 
performance of a hydrotreating catalyst in a nontypical (low-hydrogen-availability) hydrotreating 
environment, with the primary objectives of: 
 

• Assessing the ability of the catalyst to effect fatty acid decarboxylation and 
decarbonylation in preference over reduction. 
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• Developing data useful to assessing the potential benefits (including reduced hydrogen 
consumption and increased resistance to feedstock cracking) of fatty acid saturation in a 
separate low-severity process prior to undergoing hydrotreating for diesel fuel 
production. 

 
Key findings of these tests include: 

 
• At a moderately low hydrogen availability of 290% of stoichiometric requirement  

(3222 scfb for oleic acid and 1897 scfb for stearic, versus a catalyst supplier-
recommended 4000–6000 scfb) and catalyst supplier-recommended temperature of 
300°C, both acids underwent respectable single-pass conversions of about 65% and near-
undetectable levels of undesirable cracking, reforming, and oligomerization. 

 
• Also at 290% hydrogen availability and 300°C, the two acids underwent similar levels of 

reduction, while stearic acid underwent a somewhat higher level of decarboxylation/ 
decarbonylation than oleic. 

 
• In general, olefins formation appeared to be slightly decreased with saturated versus 

unsaturated (stearic versus oleic) fatty acids; however, additional data are needed to 
validate the occurrence and quantify the magnitude of this possible advantage associated 
with a preconversion low-severity olefin bond saturation step. 

 
• Although increasing temperature generally led to increased fatty acid conversion to 

nonacid products, it also generally led to increased production of undesirable products 
via cracking, reforming, and oligomerization reactions. 

 
• As hydrogen availability deceased, a general trend of increasing generation of cracking, 

reforming, and oligomerization products was observed, and with one notable exception, 
this trend was exacerbated at increasing temperature.  

 
• In contrast to the high-temperature/low-hydrogen-availability trends described above, at 

a temperature of 360°C and low (266 scfb) hydrogen availability, stearic acid underwent 
95% conversion to C17 and C18 paraffins and olefins (with a definite decarboxylation 
preference, as evidenced by a C17/C18 ratio of 1.5), with no detected formation of 
cracking, reforming, or oligomerization products. 

 
• The high-temperature/low hydrogen 95% stearic acid conversion result indicates that it 

may be possible to utilize a hydrotreating catalyst in a nontraditional operational mode—
possibly including the use of presaturated feedstocks—to achieve specific performance 
and economic advantages versus traditional hydrotreating modes; however, consideration 
of alternative operational modes would need to include assessment of catalyst life span 
impacts as well as performance impacts.  

 
Following review of this report by the catalyst supplier and Renewable Energy Group 

(REG), and with REG concurrence, the Energy & Environmental Research Center (EERC) 
proposes to consult with the catalyst supplier and REG to develop a research plan focused on 
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comparing the overall economics of the following three process scenarios applied to an actual 
commercial-grade fatty acid feedstock: 
 

• Scenario 1 – Two-stage process comprising fatty acid saturation followed by conversion, 
with both steps based on catalyst supplier-recommended operating conditions. 

 
• Scenario 2 – Single-stage conversion process based on catalyst supplier-recommended 

operating conditions. 
 

• Scenario 3 – Single-stage conversion process based on an innovative decarboxylation 
catalyst, based on operating conditions recommended by the decarboxylation catalyst 
supplier. 

 
Key objectives of the research plan would be to develop a process sufficiently robust to 

handle the feedstocks of commercial relevance to REG, and generate the data needed to accurately 
assess the impact of hydrogen utilization on overall process economics.  
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FATTY ACID CONVERSION TO ALKANES USING NICKEL–MOLYBDENUM 
HYDROTREATING CATALYST 

Summary of Experimental Procedures and Results – Phase 2 – 11 July 2014 
Chad Wocken, Malhar Khambete, Ramesh Sharma, Marc Kurz, Ted Aulich 

 
 
INTRODUCTION AND OBJECTIVES 
 

The Energy & Environmental Research Center (EERC) bench-scale fixed-bed reactor 
system was utilized to evaluate application of a commercial nickel–molybdenum (Ni–Mo) 
hydrotreating catalyst to conversion of a free fatty acid (FFA) feedstock to paraffins. Key goals 
were to evaluate two sets of operating conditions, one of which was utilized in an earlier series of 
hydrotreating tests conducted with the same Ni–Mo catalyst and described in an EERC report 
entitled “Fatty Acid Conversion to Alkanes Using Nickel–Molybdenum Hydrotreating Catalyst – 
Summary of Experimental Procedures and Results – 11 April 2014.”  
 
 
TEST DESCRIPTION 
 

Performance of the Ni–Mo catalyst was evaluated over a 2-week period using a stearic acid 
feedstock purchased from Alfa Aesar, the composition of which is shown in Table C-1. Prior to 
use as a feedstock, the stearic acid was diluted with dodecane at a weight ratio of 20/80 stearic 
acid/dodecane. Because it is a solid at room temperature, complete dissolution of the stearic acid 
into dodecane required heating the dodecane to 60°C and stirring in the stearic acid. The stearic 
acid was then fed to the reactor via heated lines as a 60°C solution to ensure homogenous liquidity. 
For a complete description of process inputs and test procedure utilized (including experimental 
setup and feedstock preparation), please refer to the 11 April 2014 EERC report referenced above. 
Testing commenced on 9 June 2014, with catalyst conditioning conducted in accordance with a 
procedure provided by the catalyst supplier (see Table C-2). Following catalyst conditioning, 
reactor operating conditions utilized during the first week of testing included the following: 
 

• Temperature: 340°C 
 

• Pressure: 600 psig 
 

• Liquid feed (20/80 stearic acid/dodecane weight% ratio) flow: 2.5 milliliters/minute 
(mL/min) 

 
• Hydrogen gas flow: 23.2 standard cubic centimeters/minute (sccm), equivalent to  

266 standard cubic feet per barrel (scfb) of feedstock (undiluted stearic acid basis) 
 

• Nitrogen gas flow: 100 sccm 
 

• Dimethyl disulfide (DMDS; for catalyst activity maintenance) dose rate: 1000 parts per 
million (in stearic acid–dodecane solution)  
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Table C-1. Composition of Stearic Acid 
Feedstock 
Fatty Acid Concentration, wt%1 
C16:0 0.8 
C17:0 0.3 
C18:0 96.4 
C18:1 1.5 
C18:2 0.1 
C18:3 0.0 
C20:0 0.9 
C20:1 0.0 
Total 100.0 
1 Compositional analysis data provided by SGS 
Agricultural Services, Deer Park, Texas. 

 
 
Table C-2. Catalyst-Conditioning Procedure 
Step  Step Description 
1 Establish pressure of 600 pounds/inch2–gauge (psig) and begin H2 flow at 1000 sccm. 
2 Heat reactor to 150°C and hold for 1 hour. 
3 Increase temperature to 200°C and hold for 1 hour. 
4 Start flow of 0.8 wt% DMDS in n-C12 at 2 mL/min; maintain for 1 hour. 
5 Increase temperature to 230°C. 
6 Start flow of 1.5 wt% DMDS in n-C12 at 2 mL/min; maintain for 3 hours. 
7 Continue flow until occurrence of hydrogen sulfide (H2S) breakthrough. 

 
 

Following 96 hours of continuous operation during Week 1 (extending from 9–13 June) 
under the above conditions, the reactor was idled over the weekend, then restarted on 16 June and 
operated continuously for 65 hours during Week 2 (extending from 17–20 June). Table C-3 
provides a description of the procedure used to shut down, idle, and then restart the reactor. 
Operating conditions utilized at the beginning of Week 2 were the same as those utilized during 
Week 1. After 33 hours in Week 2, the reactor temperature was increased from 340°C to 360°C, 
while all other operating conditions were maintained at initial settings. After 16 hours at 360°C, 
the reactor temperature was reduced back to 340°C (with all other conditions remaining 
unchanged), after which the reactor was operated for another 16 hours, then shut down. During 
Week 1 operations, the reactor system sustained tubing ruptures on two occasions, both of which 
required cessation of liquid and gas feed and system depressurization (to 0 psig) to enable 
installation of new tubing. During both tubing replacement events, the entire reactor remained at 
340°C with no liquid and gas feed. Immediately after tubing replacement, hydrogen was used to 
rapidly pressure up the system to 600 psig, and liquid and gas feeds were restarted. For each 
replacement event, the total time without gas flow was about 20 minutes. Both tubing ruptures 
occurred at roughly the same point in the reactor system (as illustrated in Figure C-1), and were 
attributed to a batch of mistakenly procured substandard tubing. The second rupture was repaired 
with a higher-quality tubing typically used for reactor system fabrication. 
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Table C-3. Reactor System Shutdown, Idle, and Restart Procedures 
Shut Down and Idle Procedure 
Step Activity 
1 Discontinue feedstock solution flow.  
2 Turn off reactor heaters and commence flow (at 2 mL/min) of “flush solvent” 

comprising dodecane spiked with 1000 ppm DMDS. 
3 Adjust hydrogen flow to 200 sccm. 
4 Maintain system pressure at 600 psig. 
5 Continue flow of flush solvent and hydrogen until reactor temperature drops to 120°C. 
6 Discontinue flow of flush solvent and hydrogen, leaving reactor isolated under 

pressurized hydrogen atmosphere. 
Restart Procedure 
Step Activity 
1 Restart flow of flush solution (at 2 mL/min) and hydrogen (at 200 sccm). 
2 Restart reactor heaters. 
3 Upon reaching desired reactor temperature, discontinue flush solvent flow and replace 

with feedstock solution, and adjust hydrogen flow to appropriate/desired level. 
 
 
 
 

 
 

Figure C-1. Bench-scale fixed-bed reactor system. 
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RESULTS OVERVIEW 
 

Figures C-2 and C-3 illustrate product gas composition as a function of time for Week 1 and 
Week 2, respectively, based on data acquired via the use of an online laser gas analyzer, and  
Table C-4 shows results of analyses of liquid products recovered at various times during the 
testing. To enable correlation between liquid and gas data, the numbered circles on the “N2” trend 
line on Figures C-2 and C-3 correspond to the liquid product sample numbers in Table C-4. The 
“Product Composition, wt%” results reported in Table C-4 were derived from gas chromatography 
(GC) analysis as described in the 11 April 2014 EERC report referenced above. The “Conv., wt%” 
values in Table C-4 represent the portion of stearic acid feedstock converted to nonacid products, 
and values in the “Total” column represent the sum of all quantified product constituents and 
provide an indication of the liquid product analysis closure achieved for each liquid sample. All 
liquid products were analyzed for contents of stearic acid, n-C17, and n-C18, and four liquid 
products (Sampling Points 7, 10, 13, and 16) were analyzed in more detail to enable determination 
of C17 and C18 olefin contents. For comparison, Table C-4 includes liquid product analysis data 
acquired for “Test 17,” as documented in the 11 April 2014 report. A material balance was also 
estimated for each liquid product sampling point using a mass-based comparison of liquid 
feedstock into the reactor versus liquid product out of the reactor. As illustrated in Figure C-4, 
material balances ranged from about 92% to 97% (as expected because of mass loss in the form of 
CO2, CO, and water), which indicates minimal undesired conversion of feedstock to hydrocarbon 
gas products like methane, ethane, and propane. Figure C-4 also illustrates the liquid product 
analysis closure achieved for each liquid sample, including the four samples that underwent 
analysis for olefin content. 
 

The Week 1 product gas composition trend lines (Figure C-2) indicate that after a few 
fluctuations, relatively steady state operation was achieved at about Day 3, and steady state was 
maintained for the last 2 days of Week 1. Analysis of liquid product samples acquired during the 
last 2 days of Week 1 indicate the occurrence of significantly less overall conversion of stearic 
acid to nonacid products than was achieved in Test 17. A plausible rational for the observed lower 
conversion could be the lower temperature utilized during Week 1 versus Test 17 (340°C versus 
360°C). However, as shown in Table C-4, following system idle over the weekend and restart (at 
340°C) in Week 2, conversion was observed to increase to Test 17 levels, and this higher 
conversion was maintained as temperature was increased to 360°C. In general, comparison of these 
latest results with Test 17 results shows the production of significantly reduced levels of olefins in 
the recent tests versus Test 17. Also of significance regarding the recent results is the lack of any 
CO production in Week 1 and the abrupt commencement of and steadily sustained increase in CO 
production that appears to coincide with system restart in Week 2 (see Figure C-3). This CO 
concentration increase, along with the observed differences in total conversion and olefin 
production in the recent tests versus Test 17, indicate unstable catalyst performance. Key findings 
are summarized below: 
 

• During Week 1 at 340°C, CO production was essentially zero. 
 

• After system idle and restart of 340°C operation at the beginning of Week 2, CO 
production commenced abruptly and steadily increased throughout Week 2, until falling 
off at the end of the week.  
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Figure C-2. Week 1 product gas composition. 
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Figure C-3. Week 2 product gas composition. 
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Table C-4. Stearic Acid Conversion and Product Composition Achieved with High-Temperature, Low-Hydrogen1 Processing 
Sample 
No. Sample Name 

Temp., 
°C Conv., wt%2 

Product Composition, wt% 
C17/C183 (n-P)/O4 Stearic Acid n-C17 C17 Olefin n-C18 C18 Olefin Total 

1 SSB140611-0945 340 59 42 16 NA5 14 NA 71 NA NA 
2 SSB140611-1945 340 81 20 16 NA 16 NA 51 NA NA 
3 SSB140612-0420 340 70 31 39 NA 15 NA 85 NA NA 
4 SSB140612-0915 340 72 29 46 NA 18 NA 92 NA NA 
5 SSB140612-1145 340 64 36 44 NA 17 NA 96 NA NA 
6 SSB140612-1645 340 75 26 46 NA 20 NA 91 NA NA 
7 SSB140613-0945 340 79 21 46 7 18 2 93 2.6 7.2 
End of Week 1 – System Idled for 90 hours 
8 SSB140617-2200 340 97 3 56 NA 21 NA 79 NA NA 
9 SSB140618-1000 340 97 3 63 NA 23 NA 89 NA NA 
10 SSB140618-1600 340 95 5 60 6 22 2 94 2.8 10.9 
Temperature Increased to 360°C 
11 SSB140618-2400 360 96 4 65 N/A 21 N/A 90 NA NA 
12 SSB140619-0400 360 96 5 61 N/A 20 N/A 85 NA NA 
13 SSB140619-0800 360 98 2 56 5 18 1 81 3.2 11.7 
14 SSB140619-1200 360 95 5 57 NA 18 NA 80 NA NA 
Temperature Back to 340°C 
15 SSB140619-1600 340 60 41 73 NA 21 NA 134 NA NA 
16 SSB140619-2000 340 86 14 47 7 17 0 85 3.1 9.1 

Test 17 (11 April 2014 report) 360 95 5 33 28 17 25 108 1.5 0.9 
1 Hydrogen availability utilized for entire test (and the previously conducted Test 17) was 266 scfb of stearic acid feedstock. 
2 Conversion (expressed in weight%) of stearic acid feedstock to nonacid products. 
3 Ratio of nonacid C17 material (n-C17 + C17 olefins) to nonacid C18 material (n-C18 + C18 olefins), indicating extent of occurrence of decarboxylation/ 
decarbonylation versus reduction. 

4 Ratio of normal paraffins (n-C17 + n-C18) to olefins (C17 olefins + C18 olefins). 
5 Not available, since olefin contents were quantified for Samples 7, 10, 13, and 16 only. 
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Figure C-4. Material balances and liquid product analysis closures achieved. During Week 1 at 
340°C, stearic acid conversion was significantly less than achieved in Test 17 at 360°C, and 

significantly less olefins were produced.  
 
 

• Following system idle and restart of 340°C operation at the beginning of Week 2, stearic 
acid conversion was essentially equal to Test 17 conversion, while olefin production 
remained significantly lower. 

 
• After increasing operating temperature to 360°C, conversion remained constant at 95%–

98% and olefin production remained low. 
 

• Following resumption of operation at 340°C (and after reactor system stabilization), 
conversion remained high and olefin production remained low.    

 
 
RECOMMENDATIONS 
 

The above results indicate the strong possibility of an unstable catalyst. Considering the 
feedstock and operating conditions utilized to generate the data reported here (and in the 11 April 
2014 report), two probable contributors to this apparent instability are:  
 

• Acidity of the FFA feedstock. 
• Low hydrogen availability.  
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To establish conditions that enable stable catalyst performance, it is recommended that a 
short series of long-term tests be conducted using small reactors capable of unattended operation 
for extended periods (weeks) of time. Initially, two of these small reactors would be set up to 
operate at an excess (above the catalyst supplier-recommended minimum) hydrogen availability 
to assess whether feedstock acidity (100% FFA feedstock) is damaging the catalyst. Reactor 1 
would be operated using 100% oleic acid, while Reactor 2 would be operated using 20% oleic 
acid/80% dodecane under identical conditions. These tests would be performed at a hydrogen 
availability of 4000 scfb, and are not intended to evaluate low hydrogen performance. Rather, they 
are intended to evaluate whether (and to what extent) high FFA-content feedstock represents a 
threat to catalyst support integrity.  
 

If the results indicate that the catalyst can stably operate with an FFA feedstock, a third 
reactor would be set up to operate with a 20/80 oleic/dodecane feedstock at—initially—identical 
conditions to those of Reactor 1 and 2. Reactor 3 would be operated until steady state is achieved 
and catalyst performance equivalent to that achieved with Reactor 2 is demonstrated. Reactor 3 
hydrogen level would then be decreased from 4000 scfb to 3000 scfb. After establishing steady-
state operation and maintaining steady state for several hours, baseline (4000-scfb) hydrogen level 
would be resumed with the objective of reestablishing baseline performance (as measured based 
on feedstock conversion, liquid product slate, and gaseous product composition). The ability to 
reestablish baseline performance would indicate that decreasing hydrogen availability from 4000 
to 3000 scfb did not harm the catalyst. Assuming catalyst stability is maintained, hydrogen 
availability would then be reduced in nominal 400-scfb increments (starting at 2600 scfb) and 
brought back to baseline (4000-scfb) level, until reaching a hydrogen level at which catalyst 
damage occurs, as evidenced by failure to reestablish baseline performance. Successful completion 
of this test series would enable establishment of a minimum hydrogen level for ensuring catalyst 
stability. 
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SUBTASK 3.1 – DISTRIBUTED-SCALE SOLID AMMONIA-BASED FERTILIZER 
PROCESS DEVELOPMENT 

 
 
BACKGROUND 
 
 Ammonia and its major derivatives, urea and urea–ammonium nitrate (UAN), are produced 
primarily from natural gas via the Haber–Bosch (HB) process. Depending on the price of natural 
gas, its cost represents 50% to 85% of the cost of ammonia production. Because of reliance on 
natural gas and because the HB process operates more efficiently at high pressure (which translates 
to higher capital and operating costs), modern ammonia fertilizer plants are typically located near 
large sources of low-cost natural gas and have large production capacities of 1000 to 3000 tons/day 
that enable attaining a favorable economy of scale. However, in addition to lower production costs, 
large plants can also mean higher transportation costs for portions of the nitrogen fertilizer market 
that are far removed from points of production or major import terminals like New Orleans.  
Figure 3.1-1 illustrates average regional North American ammonia price differentials versus a New 
Orleans baseline price as reported by Agrium (2012), the third largest (worldwide) nitrogen 
fertilizer producer. The numbers in the figure are based on 10-yr (2002–2011) regional and New 
Orleans price averages. Although a breakdown is not provided, it is likely that transportation cost 
represents a significant portion of the $73–$174/ton premium.  
 
 Because of its reliance on natural gas as feedstock, the market price of ammonia has 
traditionally closely tracked the price of natural gas. Figure 3.1-2 tracks the prices of natural gas 
and ammonia from 1985 to 2006. With the exception of 1994–1997, during which ammonia price 
spikes occurred in response to high demand that exceeded production capacity as corn acres were  
 
 

 
 

Figure 3.1-1. Average regional ammonia price minus New Orleans baseline (Agrium, 2012).  
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Figure 3.1-2. Natural gas price versus ammonia price (Huang, 2007). 
 
 
increased to capitalize on high export-demand-driven corn price spikes, the figure shows a 
relatively strong correlation between natural gas and ammonia price through 2006. However, 
recent developments in the fertilizer industry—including significant industry consolidation in 
response to past high natural gas prices—appear to have interrupted this correlation. Figure 3.1-3 
is a plot of the ratio of wholesale anhydrous ammonia price (in dollars/ton) to commercial natural 
gas price (in dollars per million Btu) for each month from January 2001 through June 2011. The 
figure shows that the ammonia-to-gas price ratio was relatively stable through December 2006, 
but has since been higher (indicating an increase in ammonia price relative to natural gas price) 
and much more variable. Of interest is that increased ammonia price can often be correlated to 
increased corn price. For example, between 1975 and 2006, Illinois corn price averaged 
$2.40/bushel, while since 2006, it averaged $4.26/bushel. The increase in corn price corresponds 
to an increase in crop production around the world, leading to more demand for fertilizers. Hence, 
increased ammonia demand may partially explain the ammonia/natural gas price ratio increase. 
However, Figure 3.1-3 shows that the ratio has been “spiky” since 2007, reaching a high of 123 in 
October 2008, followed by a decline corresponding to declines in many commodity prices driven 
by the late 2008-initiated financial crisis, followed by a high of about 130 during the latter half of 
2010. Although both spikes were associated with high corn prices and could have been driven by 
resulting crop production shifts, the spikes could also have resulted from profit-taking on the part 
of the heavily consolidated fertilizer industry. In any case, ammonia-to-gas price relationships 
have become much more variable since 2007, meaning that natural gas price alone may no longer 
provide an accurate indicator of ammonia price. This price uncertainty and volatility is motivating 
farmers and other agriculture industry participants to look for more predictable, controllable, and 
affordable nitrogen fertilizer procurement alternatives. 
 
 The EERC was approached by Agrebon, a small Louisville, Colorado-based company with 
cost-share funding and an idea to develop a preliminary design package for a small-scale ammonia 
production plant that uses anaerobic digester gas (ADG) or a combination of ADG and pipeline 
natural gas as primary feedstock(s). A key driver of the Agrebon approach was the desire to 
produce ammonia in smaller, widely distributed plants at a total cost to the farmer that is 
competitive with the cost of the current commercial model of large-scale centralized production  
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Figure 3.1-3. Ammonia-price-to-natural-gas-price ratio (Schnitkey, 2011). 
 
 
and long-range transport. While ADG feedstock is available from a variety of sources, a source of 
primary interest to Agrebon is ADG produced at commercial corn-based ethanol plants via 
digestion of low-cost “thin stillage,” an ethanol coproduct. By using this low-cost ADG as 
feedstock, product from the distributed-scale ammonia production (DAP) plant would have the 
advantages of being renewable and thereby helping to reduce the carbon footprint of corn-based 
ethanol, and helping to decrease price volatility and ensure local supply of a vital agricultural input.  
 
 
OBJECTIVES 
 
 The overall project goal was to develop a preliminary process design package for an ADG-
fed nominal 20-ton/day DAP plant that comprises the unit operations (unit “ops”) of: 
 

• ADG cleanup to the extent required to undergo catalytic steam reforming. 
 

• Catalytic steam reforming of clean ADG to yield a syngas comprising primarily 
hydrogen, carbon monoxide, carbon dioxide, and water, followed by hydrogen separation 
from the syngas to yield a hydrogen stream with a purity level of at least 99.9%. 

 
• Separation of high-purity (99+%) nitrogen from air via pressure swing adsorption (PSA). 
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• Ammonia synthesis via reacting high-purity hydrogen with air-extracted nitrogen in a 
reactor system equipped with capabilities for ammonia condensation and recovery and 
recycle of unreacted hydrogen and nitrogen. 

 
 In developing the process design, a key objective was to utilize—to the extent possible—
commercially available technologies as unit ops, thereby eliminating technology development 
costs and relegating the plant design effort to primarily a system integration exercise. Key design 
package components (and project deliverables) include a preliminary process block flow diagram, 
general process arrangement drawing, major equipment list, and first-generation DAP system 
fabrication and installation cost estimate. The envisioned process design development steps 
included 1) a literature and market survey of commercially available technologies suitable for 
application as DAP system unit ops with no or minimal scaling required, 2) selection of unit op 
technologies for integration into the DAP system design, and 3) development of a preliminary 
process design package comprising: 
 

• A preliminary process block flow diagram. 
 

• An approximately scaled general process arrangement drawing that illustrates the overall 
DAP system layout, all unit ops, and major ancillary equipment pieces. 

 
• A major equipment list. 

 
• A preliminary overall DAP system fabrication and installation cost estimate. 

 
 
PROJECT ACTIVITIES 
 
 The project was carried out over an approximate 4-month period and comprised 1) survey 
and evaluation of commercially available candidate unit op technologies, 2) unit op technology 
selection, 3) preliminary process design, 4) preliminary assessment of system capital and operating 
costs, and 5) preliminary estimation of total DAP process carbon dioxide emissions. Project 
activities are described as follows. 
 

Technology Survey and Evaluation 
 
 Figure 3.1-4 is the DAP system working block flow diagram developed as an initial design 
concept. The figure represents the four primary unit ops as “modules” and includes three optional 
modules, two of which are required for conversion of ammonia to urea. Unit Ops 2 and 4 are each 
represented as two modules to more fully encompass the performance requirements and 
complexity of each. Figure 3.1-5 is a general process arrangement drawing of the DAP process, 
including optional urea production. Using these process illustrations/descriptions as a basis, 
 



 

 

3.1-5 

 
 

Figure 3.1-4. Working DAP system (with optional urea production unit operations) block flow diagram (NG = natural gas; AD = 
anaerobic digester). 
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Figure 3.1-5. Preliminary DAP (with optional urea production) process arrangement drawing.  



 

3.1-7 

the EERC utilized Internet search techniques and consulted with professional contacts in the fields 
of gas cleanup, hydrogen production and purification, ammonia synthesis, and ammonia 
conversion to develop a list of unit op candidate technologies. In evaluating candidate technologies 
for suitability as DAP system unit ops, criteria included: 
 

• Capacity of available bid-ready technology design(s) in a range compatible with  
10–50 tons/day of ammonia production.  

 
• If needed, time and cost required to scale available design to appropriate capacity.  

 
• Capital and operating costs. 

 
• Time required for fabrication and/or delivery. 

 
• Reliability history. 

 
• Possible field-of-use restrictions. 

 
• Risks associated with incorporation into DAP process train. 

 
Unit Op Technology Selection 

 
 Based on the findings of the technology survey and evaluation, potential technology 
providers selected and quote requests prepared and let for supplying technologies for: 
 

1) Gas cleanup. 
 
2) Hydrogen production and purification. 
 
3) Nitrogen separation from air. 
 
4) Ammonia synthesis (including ammonia recovery, recycle of unreacted hydrogen and 

nitrogen, and purge of methane and other inert materials).  
 
 Viable quotes from qualified vendors were received for supplying gas cleanup, hydrogen 
production and purification, and nitrogen generation units. Because no viable quotes were received 
for supplying an appropriately sized ammonia synthesis unit, a bid solicitation was prepared and 
let for preparation of a basic engineering design package for the unit. Two viable bids from 
qualified vendors were received in response to the bid request. After reviewing all received quotes 
and bids, preferred vendors were contacted to confirm quoted prices, performance representations, 
and delivery dates, and the technologies/vendors to be utilized in the ammonia plant design were 
selected.  
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Preliminary Process Design 
 
 The overall natural gas-to-ammonia process was conceptualized and simulated with Aspen 
Plus modeling software. The simulation encompassed separation of raw gas-contained methane 
from impurities such as sulfur compounds and carbon dioxide, reforming methane into hydrogen, 
nitrogen separation from air, and reaction of hydrogen and nitrogen to form ammonia. The basic 
process flow diagram developed from the Aspen Plus model is shown in Figure 3.1-6. The model 
was optimized based on an input of 39,000 scfh of raw gas with a composition of 52% methane, 
36% carbon dioxide, and the remainder nitrogen, oxygen, and trace amounts of sulfur compounds. 
About 350 gal/hr of water is consumed during hydrogen production, and 120,000 scfh of air is 
required for combustion (to provide heat to drive the endothermic steam methane reforming [SMR] 
hydrogen production reaction) and as a source of nitrogen. Approximately 1 MW of electricity is 
required, most of which is used for gas compression. 
 
 Descriptions of the selected technologies follow. 
 

Gas Cleanup 
 
 Gas cleanup in the form of sulfur and carbon dioxide removal is required to ensure against 
sulfur contamination of the SMR catalyst and ensure maximum-efficiency SMR performance. The 
selected gas cleanup technology utilizes a PSA process for carbon dioxide separation and a solid 
sorbent bed for removal of sulfur impurities. Prior to these operations, the raw gas is compressed 
and dried. The gas cleanup technology delivers approximately 86% of the raw gas-contained 
methane at a purity level of 96% or greater, which equates to approximately 775 lb/hr of methane 
sent to the SMR (hydrogen production) unit operation. The residual methane (along with a large 
volume of carbon dioxide) is also routed to the SMR unit to be combusted for heat. About 202 kW 
of electricity is required for gas compression. Figures 3.1-7 and 3.1-8 are a photograph and layout 
diagram of a PSA-based gas cleanup system, respectively, and Figure 3.1-9 is an Aspen Plus model 
of the process.  
 

Hydrogen Production and Purification 
 
 The hydrogen production module converts methane into hydrogen via SMR. A portion of 
the methane feed stream is used for combustion to provide heat for the SMR process. The rest of 
the methane is converted to hydrogen and carbon monoxide in the first reactor. A subsequent 
water–gas shift reactor converts the carbon monoxide into more hydrogen. Two PSA units are 
used to separate the hydrogen from the waste gas. About 296 lb/hr of hydrogen (with a purity level 
of 99.99%) is produced from the 775 lb/hr of methane fed to the SMR unit. About 556 lb/hr of 
water is required for the steam-reforming process, and 6360 lb/hr of air is required for combustion. 
Figure 3.1-10 shows an SMR unit comparable in capacity to that required for supplying hydrogen 
to a 20-ton/day ammonia plant, and Figure 3.1-11 is an Aspen Plus model of the SMR process. 
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Nitrogen Generation 
 
 Nitrogen is extracted from air using a PSA unit. The selected PSA system generates about 
1373 lb/hr of nitrogen at a purity level of 99.96%. About 235 kW of electricity is required for air 
compression. Figures 3.1-12–14 illustrate the PSA-based nitrogen generation process.  
 

Ammonia Synthesis 
 
 The high-purity hydrogen and nitrogen outputs from the SMR and nitrogen PSA units, 
respectively, are sent to an ammonia synthesis reactor system currently being designed by a vendor 
with significant experience in designing large-scale commercial ammonia production plants. The 
model shown in Figure 3.1-15 is the basis for the design effort. The hydrogen and nitrogen streams 
will undergo compression to approximately 100 bar and then will be combined in a catalytic 
ammonia reactor. The produced ammonia will be condensed and separated from the unconverted 
gases, which are recycled back to the reactor. Near 100% conversion of hydrogen and nitrogen is 
achieved and 1710 lb/hr (equating to about 20 tons/day) of ammonia is produced. About 304 kW 
of electricity is required for gas compression. The ammonia product can be stored for sale or 
converted to urea. For urea production, exhaust carbon dioxide from the SMR (hydrogen 
production) unit is purified and reacted with ammonia to produce urea. About 2089 lb/hr of carbon 
dioxide is required to react with the 1710 lb/hr of ammonia to yield 2850 lb/hr (equating to about 
35 tons/day) of urea. 
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Figure 3.1-6. Aspen Plus-developed basic process flow diagram for 20-ton/day ammonia (35-ton/day urea) production plant.
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Figure 3.1-7. PSA-based gas cleanup system. 
 

 
 

Figure 3.1-8. PSA-based gas cleanup system layout diagram. 
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Figure 3.1-9. Aspen Plus model of PSA-based gas cleanup system. 
 
 
 
 
 

 
 

Figure 3.1-10. Approximate 300-lb/hr SMR hydrogen production–purification unit. 
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Figure 3.1-11. Aspen Plus model of SMR process.
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Figure 3.1-12. PSA-based nitrogen generation process flow diagram. 
 
 
 

 
 

Figure 3.1-13. PSA-based nitrogen generation process. 
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Figure 3.1-14. Aspen Plus model of PSA-based nitrogen generation process. 
 
 

Preliminary Capital and Operating Cost Estimation 
 
 Using the quotes received from vendors for selected unit operations and smaller equipment 
pieces and ancillary plant requirements, a cost estimate for fabrication of a 20-ton/day natural gas-
to-ammonia plant was prepared. As shown in Table 3.1-1, the total estimated capital cost of the 
plant is $16.1 million. As also shown in the table, the total cost estimate includes a $2.5 million 
used hydrogen production unit. The unit comes with a guarantee, and it is worthwhile noting that 
several small-scale good-condition SMR units are available from vegetable oil refiners that are 
facing reduced demand for hydrogenated vegetable oil and no longer need on-site hydrogen 
production capability. Using this 20-ton/day design and capital cost estimate as the basis, an 
analysis was performed to derive a preliminary estimate of the per-ton cost of ammonia production, 
using ethanol plant ADG (generated from thin stillage digestion) as feedstock. As shown in  
Table 3.1-1, ammonia production cost is $385/ton, assuming no-cost feedstock. For comparison, 
if pipeline natural gas at a price of $3.50/thousand standard cubic feet (Mscf) is used as feedstock, 
production cost rises to $464/ton. Because a 100-millon-gal/year dry mill ethanol plant is capable 
of generating sufficient ADG (from thin stillage digestion) to supply an approximate 60-ton/day 
ammonia plant, a per-ton ammonia production cost estimate was developed for a 60-ton/day plant. 
The estimate was developed by applying the below equipment-size-to-cost exponential correlation  
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Figure 3.1-15. Aspen Plus model of ammonia synthesis unit operation.
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Table 3.1-1. 20-ton/day Ammonia Plant Preliminary Capital Cost Estimate 
 
 
Cost Item 

Cost 
Estimate, 
$million 

 
 

Notes 
Gas Cleanup 3.61 Includes $500K assembly cost 
Hydrogen Production/Purification 2.52 Used unit; includes $500K assembly cost 
Reverse Osmosis Water Cleanup 0.1  
Nitrogen Generation 1.4 Includes $300K assembly cost 
Ammonia Synthesis Loop 2.5 Preliminary cost estimate 
Hydrogen Compressor 1.5  
Nitrogen Compressor 0.5  
Control System 0.1  
Ammonia Storage3 and Load-Out 1.1  
Detailed Engineering 1.3  
Site Preparation 0.5 Estimate; need site-specific information 
Assembly 0.5  
Shakedown 0.5  
Total Installed Cost 16.1  
1 Less expensive unit may be available. 
2 Cost of new unit, including assembly, is $6 million. 
3 Seven (7) days worth (140 tons) of storage. 

 
 
to each major equipment piece of the 20-ton/day plant, using a literature-derived exponent value 
of 0.79 (Towler, 1991).  
 
 Cost2 = Cost1*(Size2/Size1)n [Eq. 1] 
 
 Tables 3.1-2 and 3.1-3 show that while increasing plant size from 20 to 60 tons/day increases 
capital cost from about $16 million to $35 million, it decreases ammonia production cost from 
about $385 to $309/ton.  
 

Preliminary Total Process CO2 Emission Estimation 
 
 Aspen modeling was conducted to preliminarily estimate the CO2 emissions associated with 
DAP (using ADG generated from corn ethanol plant thin stillage as feedstock) at a scale of  
20 tons/day ammonia production, and utilization of the ammonia to produce about 35 tons/day of 
urea. Overall inputs and outputs included the following. 
 

Direct Inputs 
 
• 39,000 scfh of ADG comprising 52% methane (CH4), 36% CO2, and 12% mixture of nitrogen 

(N2), oxygen (O2), and water (H2O) 
• 350 gal/hr water 
• 120,000 scfh air (for combustion and as nitrogen source) 
• 1 MW electricity 
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Table 3.1-2. 20-ton/day Ammonia Plant Preliminary Production Cost Estimate 
  Feed Rate: 444.4 Mscfd gas 
Location: North Dakota Heating Value: 1490 Btu/scf gas 
Capital Investment  Total Energy: 36.5 MMBtu/tonne NH3 
  Fixed $15,588,397 Capacity: 18.1 tonne/day NH3 
  Working 500,000  20.0 ton/day NH3 
    Start-Up  On Stream: 95%  
  Production: 6939 ton/yr NH3 
  Total $16,088,397    
   Price, Cost 
  Quantity, ton Units $/unit $/yr $/ton 
Raw Materials      
  Gas (feed + fuel) 22.2 Mscf  0 0.00 
      

Utilities      
  Electricity 1,200 kWh 0.09 749,460 108.00 
  Water 420 gal 0.02 58,291 8.40 
Total Utilities    807,751 116.40 
      

Labor      
  Operating 0.25 Operator/shift 300,000 75,000 10.81 
  Laboratory 10% Operating labor  7,500 1.08 
  Maintenance 1.5% FCI  233,826 33.70 
  Operating Supplies 10% Operating labor  7,500 1.08 
       

Supplies      
  General 0.6% FCI  93,530 13.48 
  Maintenance 1.5% FCI  233,826 33.70 
  Catalyst and Chem.    5,000 0.72 
      

Direct Production Cost    210.96 
      

Plant Overhead 
20
% Total labor  64,765 9.33 

      

Fixed Charges      
  Insurance and  
  Taxes 2% FCI  311,768 44.93 
  Depreciation 5% FCI + start-up  804,420 115.92 
      

Manufacturing Cost   2,644,886 381.14 
      

Gen. Expen. (SARE) 1% Sales  26,716 3.85 
      

Total Product Cost    384.99 
      

Before Tax Return on 
  Investment 0% 

Total 
investment  0 0.00 

      

Product Value    2,671,602 384.99 
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Table 3.1-3. 60-ton/day Ammonia Plant Preliminary Production Cost Estimate 
   Feed Rate: 1333 Mcfd gas 
Location:  North Dakota Heating Value: 1490 Btu/scf gas 
Capital Investment   Total Energy: 36.5 MMBtu/tonne NH3 
  Fixed  $34,602,966 Capacity: 54.4 tonne/day NH3 
  Working    60.0 ton/day NH3 
    Start-Up   On stream: 95%  
   Production: 20819 ton/yr NH3 
  Total  $35,102,966    
    Price, Cost 
  Quantity, ton Units $/unit $/yr $/ton 
Raw Materials     
  Gas (feed + fuel)  22.2 Mscf  0 0.00 
       

Utilities       
  Electricity  1,200 kWh 0.09 2,248,479 108.00 
  Water  420 gal 0.02 174,882 8.40 
Total Utilities     2,423,361 116.40 
       

Labor       
  Operating  0.25 Operator/shift 300,000 75,000 3.60 
  Laboratory  10% Operating labor  7,500 0.36 
  Maintenance  1.5% FCI  519,044 24.93 
  Operating Supplies  10% Operating labor  7,500 0.36 
        

Supplies       
  General  0.6% FCI  207,618 9.97 
  Maintenance  1.5% FCI  519,044 24.93 
  Catalyst and Chem.     31,250 1.50 
       

Direct Production Cost    182.06 
       

Plant Overhead  20% Total labor  121,809 5.85 
       

Fixed Charges       
  Insurance and Taxes  2% FCI  692,059 33.24 
  Depreciation  5% FCI + start-up  1,730,148 83.10 
       

Manufacturing Cost   6,334,334 304.25 
       

Gen. Expen. (SARE)  1% Sales  63,983 3.07 
       

Total Product Cost     307.33 
       

Before Tax   0% Total investment  0 0.00 
       

Product Value     6,398,317 307.33 
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Direct Outputs 
 
• 35 tons/day urea 
• 24.9 tons/day CO2 
 
 Using the Aspen Plus models developed for each unit operation (Figure 3.1-16 is a model of 
the urea unit operation) mass balances were developed around each unit operation based on 
estimated inputs and outputs including gases and water (in lb/hr), and electricity (in kW).  
Tables 3.1-4–8 show mass balance results for each unit operation.  
 
 The hydrogen production/purification CO2 output of 4159 lb/hr (see Table 4) and ammonia 
output of 1710 lb/hr (Table 6) enable urea production at 2850 lb/hr, resulting in a total “direct” 
process CO2 emission of 2070 lb/hr (Table 7). However, additional “indirect” CO2 emissions are 
produced during generation of the electricity utilized by all of the process unit operations. 
 
 

 
 

Figure 3.1-16. Aspen Plus model of urea process.  
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Table 3.1-4. Gas Cleanup Inputs and Outputs1 
 Input Streams Output Streams 
 Biogas CH4 CO2-Rich 
CH4 901 775 126 
CO2 1687 34 1653 
N2 303  303 
O2 69  69 
H2S 1   
H2O 10   
Electricity 202 kW   
1 Unless otherwise noted, all values are in lb/hr. 

 
 
Table 3.1-5. Hydrogen Production/Purification Inputs and Outputs1 
 Input Streams Output Streams 
 CH4 Air/ H2O NH3 Purge CO2-Rich H2 Exhaust 
CH4 775   126   
CO2 34   1653  4159 
N2  4879 5 303  5187 
O2  1481  69  240 
H2O  1422    866 
H2   9  296  
NH3   7    
Electricity  65 kW      
1 Unless otherwise noted, all values are in lb/hr. 
 
 
Table 3.1-6. Nitrogen Generation Inputs and Outputs1 
 Input Streams Output Streams 
 Air N2 O2-Rich 
N2 1595 1373 222 
O2 484 0.5 483.5 
Electricity  235 kW   
1 Unless otherwise noted, all values are in lb/hr. 

 
 
Table 3.1-7. Ammonia Synthesis Inputs and Outputs1 
 Input Streams Output Streams 
 H2 N2 NH3 Purge NH3 
N2  1373 5  
O2  .5   
H2 296  9  
NH3   7 1710 
Electricity  304 kW    
1 Unless otherwise noted, all values are in lb/hr. 
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Table 3.1-8. Urea Synthesis Inputs and Outputs1 
 Input Streams Output Streams 
 NH3 CO2 Urea Exhaust 
NH3 1710    
CO2  4159  2070 
N2  5190  5190 
O2  240  240 
H2O  866 854 866 
Urea   2850  
Electricity  200 kW    
1 Unless otherwise noted, all values are in lb/hr. 

 
 
Assuming the use of coal-based electricity to power all unit operations translates to a cumulative 
indirect CO2 emission of about 840 lb/hr. Adding direct and indirect emissions results in a total 
process CO2 emission of 2910 lb/hr, which equates to about 1.02 tons of CO2 emitted per ton of 
urea produced. It is important to consider that the fossil fuel-derived portion of the total CO2 
emission is about 29%, while the renewable portion is about 71%. 
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SUBTASK 3.2 – FUELS TESTING FOR POULTRY WASTE TO ENERGY 
 
 
INTRODUCTION 
 
 The EERC teamed with Denyon Energy, LLC, to conduct gasification process validation by 
demonstrating long-duration pilot testing of turkey waste. The distributed-scale energy and by-
product recovery process is an emerging need of the poultry industry that can lead to attaining 
environmental and economic sustainability by becoming more energy self-reliant. Poultry waste 
gasification is one potential way of assisting the poultry industry in moving toward energy self-
reliance while addressing manure disposal issues that the grower faces. Gasification is a superior 
thermochemical conversion process capable of converting turkey waste into a clean and 
combustible mixture of gases. The combustible mixture of gases or syngas, which constitutes 
primarily CO, H2, CH4, CO2, and N2, can be used as fuel for electricity and heat production. In 
addition, the process can effectively recover by-products that may have unique applications and 
an existing market. The gasification process can thus open up a new avenue for converting a 
disposable liability waste into an opportunity feedstock for all sizes of poultry farms.  
 
 Turkey litter is a complex mixture of organic and inorganic compounds consisting of 70%–
80% combustible solids and 20%–30% inorganics on a dry-weight basis. Based on the preliminary 
analysis of a representative turkey waste, C/H and C/O ratios are comparable to that of pine wood 
on a dry, ash-free basis, while sulfur and nitrogen content can range up to 380 times higher, 
respectively, on a dry, ash-free basis. The moisture variation in turkey litter ranges between 26% 
and 55%, and it is estimated that the addition of mortality waste can increase it up to an additional 
10%. This broadly varying moisture fraction and the presence of more than 11 different inorganic 
species and an equal number of trace metals, including Cu, Zn, and As, make turkey litter a unique 
and challenging fuel.  
 
 In order to develop an understanding of the challenges associated with the gasification of the 
turkey waste, a preliminary and limited gasification screening study was conducted by the EERC 
in the advanced fixed-bed gasifier (AFBG), where it was demonstrated that self-sustained 
gasification and production of clean syngas could potentially be achieved. The advanced gasifier 
demonstrated exceptional operational control, allowing the system to accommodate a wide variety 
of fuels and associated char reactivity while still providing self-sustained steady-state gasification 
and the option for by-product recovery and plausible near-zero effluent discharge.  
 
 The outcome of the previous testing revealed that more than 80% of the inorganics in the 
particulate matter (PM) entrained in the syngas was found to be composed of alkali salts, primarily 
K and Cl and about 7% sulfur. These showed possibilities of premature gasifier failure because of 
high-temperature steel corrosion, particularly when the gasifier is operated for longer durations as 
expected of a commercial gasifier. Although the preliminary gasification experiments did not show 
a significant presence of clinkers—which was attributed to the ability of the gasifier to attain 
desired temperature owing to the design features of the AFBG—the clinker-forming tendencies of 
the feedstock needed to be further investigated when the gasifier is operated for a long duration as 
in a commercial setup. This lack of adequate understanding of the operational behavior of the 
gasifier when operated over an extended period formed the basis for the project work scope. The 



3.2-2 

existing gasifier was required to be modified in order for the overall system to maintain its 
operation at fixed and/or varying test conditions. Therefore, as part of the project scope, a set of 
turkey waste gasification experiments were designed to understand and address the gasifier 
modification need.  
 
 
GOALS AND OBJECTIVES 
 
 The goal of the EERC’s work was to provide analytical and testing services to quantify the 
behavior of turkey waste feedstock in the EERC’s AFBG system. Specific objectives were to 
modify the gasification system and balance of plant so that extended-duration (weeklong) 
gasification testing could be conducted with as-received turkey litter as the feed. These tests were 
to provide a preliminary set of data pertaining to operating parameters, design parameters, and any 
challenges to be addressed that could aid in bringing the AFBG poultry litter gasification 
technology to a near-term, market-ready state. 
 
 The scope of work to accomplish the goals and objectives comprised the following activities: 
 

• Activity 1 – Fuel-Specific Modification and Commissioning of AFBG – Conduct 
pretests and identify fuel-specific operational modifications to the AFBG targeted to 
improve the reactor functionality for demonstration of the technology for converting the 
turkey waste gasification over extended-period operation.  

 
• Activity 2 – Biomass Feedstock Characterization – Review the available relevant turkey 

waste composition data and the effectiveness of mixing techniques in homogenizing the 
fuel composition to achieve favorable or optimum performance during gasification tests 
conducted.  

 
• Activity 3 – Extended-Duration Testing of the Modified AFBG – Conduct multiple days 

to weeklong continuous gasification of turkey waste to determine if the system can be 
maintained at operating conditions for a significant period of time, which will provide 
excellent long-term operational data necessary to gauge the validity of the technology and 
to prescribe design options.  

 
 
BACKGROUND 
 
 Turkey litter is a complex mixture of organic and inorganic compounds fed to the turkey and 
excreted during its active growth period. Dry solids consist of 70%–80% combustible solids and 
20%–30% inorganics. This waste is considered to be a good source of plant nutrients containing 
nitrogen, phosphorus, potassium, sulfur, chlorine, and trace amounts of nutrients like copper, 
arsenic, zinc, and manganese. Current manure management practice is to dispose of it by spreading 
it on farmland. This disposal route, however, has serious concerns. High water solubility of organic 
and inorganic material causes excessive release into the surface soil layer, resulting in loss due to 
uncontrolled runoff into water bodies, causing land and water pollution (U.S. Environmental 
Protection Agency, 2015; Agriculture Organization of the United Nations, 2015). As a result, 
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several states have passed laws prohibiting the use of turkey or poultry litter on fields with elevated 
phosphorus levels to avoid contributing to eutrophication in surface water (University of 
Wisconsin–Madison Department of Soil Science, 2015). With the ineffectiveness of current 
manure management practices, including the controversial single- and multiple-stage incineration 
processes (U.S. Environmental Protection Agency, 2015; Minnesota Pollution Control Agency, 
2015; Energy Justice Network, 2015) that produce toxic emissions, the urgency of developing a 
zero-effluent discharge technology is even greater. 
 
 Thermochemical conversion routes such as combustion and gasification have a primary 
advantage of achieving the highest volume of reduction in contrast to biochemical conversion. 
Unlike combustion, which is primarily aimed at recovering heat energy by complete oxidation of 
the waste, the gasification process can convert the waste into clean combustible syngas with a wide 
range of applications and ease of use in commercial conversion technologies for producing heat, 
power, and chemical or liquid fuels. In spite of the advantages of gasification, the production of 
clean syngas in a gasifier has been a technological challenge, particularly when the waste is less 
energy dense. Combustion is seen as a simple and easily attainable process, particularly for 
recovering heat and by-product while achieving volume reduction. However, because of the 
inherent chemical composition of the waste, its conversion by combustion can pose severe 
environmental impacts (Minnesota Pollution Control Agency, 2015; Energy Justice Network, 
2015) and can cause challenges in recovering heat in the presence of postcombustion pollutant-
mitigating technologies for controlling pollutant formation (e.g., single-step fast cooling of hot 
gases to avoid dioxin formation). 
 
 Poultry waste rich in nitrogen, sulfur, chlorine, and micronutrients such as copper and zinc, 
belongs to the list of wastes that have high propensity for forming higher concentrations of criteria 
pollutants (NOx and SOx) and highly toxic dioxin when directly combusted. Considering these 
difficulties associated with waste combustion, gasification is one of the few conversion processes 
applicable to poultry wastes in which fuel nitrogen reacts to form ammonia instead of NOx and 
sulfur forms hydrogen sulfide and alkali sulfide instead of SOx. These gases are removed in the 
syngas scrubber and recovered as value-added by-products. Trace amounts of entrained 
micronutrients zinc, arsenic and, particularly, copper, known for catalyzing dioxin formation 
during combustion of fuel rich in chlorine, are removed and recovered in the scrubber medium for 
their complete immobilization. As a result, the dioxin-forming tendency of the fuel is completely 
eliminated and the flexibility of utilizing clean syngas in a range of applications is improved. The 
transformation of the inorganic material occurs in a controlled condition such that nutrient release 
rate in the soil is reduced in order to avoid the nutrient runoff associated with current manure-
spreading techniques.  
 
 The results of the preliminary turkey waste gasification experiments conducted in an earlier 
fuel feasibility study demonstrated production of clean syngas (see Phase I Subtask 2.2). The study 
helped in understanding the need for augmenting the engineering of the innovative gasification 
process used earlier and upgrading it with an additional feature that would allow turkey waste (or 
poultry waste in general) gasification for an extended duration while achieving continuous 
operation.   
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EXPERIMENTAL 
 
 The turkey litter gasification experiments were conducted in the EERC’s AFBG. A general 
description of the gasifier system follows.  
 

System Design and Operation 
 
 The gasifier design philosophy is based on the production of clean syngas with high 
conversion efficiency and achieving zero effluent discharge from the overall system. The 
production of clean syngas is achieved by converting the complex organics in the hot zones of the 
gasifier. The zero effluent discharge is achieved by recycling the trace amounts of unconverted 
organics in the syngas into the gasifier hot zones such that syngas (composition) production is 
favored. 
 
 The main components of the gasifier system include a patented fixed-bed downdraft gasifier 
reactor, a fuel feed system, a syngas-scrubbing and polishing system, a syngas exhaust system, an 
auxiliary fuel feed system, a residue extraction system, an induced draft (ID) fan, and an 
instrumentation and control system. The process flow diagram of the gasification system is shown 
in Figure 3.2-1, and a photograph of the system is shown in Figure 3.2-2. A 3-D representation of 
the gasifier is shown in Figure 3.2-3. The system is classified as Class 1, Division 2, Group B for 
the operation of electrical components in explosive gas environments. 
 
 Turkey waste is screw-fed from the top of the gasifier. The syngas is removed from the 
reactor outlet near the bottom of the gasifier. The nominal throughput of the biomass is 50 lb/hr; 
however, maximum capacity can reach 100 lb/hr depending on the type and size of the fuel and its 
reactivity. The fuel hopper can store about 200 lb of woody biomass, 400 lb of coal, or 550 lb of 
high-moisture turkey waste. The primary gasification air or gasification medium (steam or oxygen) 
is injected from the top of the gasifier under the suction caused by the ID fan located downstream 
of the syngas scrubber system. The fuel bed is ignited with the help of a hot-air generator and or 
by preheating the reactor wall, which is specially adapted for the system. After ignition, the 
reaction front propagates and attains the steady-state exothermic heat profile necessary for 
maintaining gasification reactions. Steady-state gasification can be achieved within 30 minutes of 
ignition depending on the fuel moisture content and fuel reactivity. Specially designed augers are 
used to extract solid residue and provide the added function of supporting the bed. 
 
 Clean syngas is produced in the hot zone of the gasifier by staging the oxidizer to combine 
devolatilization, partial oxidation, and reduction reactions. The reactor geometry in the upper zone 
of the gasifier is designed to allow a smooth flow of the fuel and gasification air. The air injection 
occurs in this zone. The air injection is balanced by an ID fan such that the overall gasifier 
operating pressure is maintained slightly below atmospheric pressure. The ID fan located 
downstream of the syngas cleanup system is sized to overcome the system pressure drop (about 
30–40 in. W.C.) at a rated flow rate. To improve the conversion and thermodynamic efficiency of 
the system, extractable sensible heat from the syngas is recycled back into the gasifier by using 
gasification air as a heat carrier fluid. 
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Figure 3.2-1. General process flow diagram of the advanced pilot plant gasifier before modification. 
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Figure 3.2-2. Photographs of the premodification AFBG pilot system. 
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Figure 3.2-3. 3-D view of the premodification pilot plant gasifier depicting the  
major components of the system. 

 
 
 In order to test the ability of the process to achieve near-zero effluent discharge as well as to 
improve the composition of syngas, the process was designed to allow injection of effluent from 
the scrubber section into the gasifier without affecting the hydrodynamics or temperature profile 
of the gasifier. The inert inorganic residue removed from the gasifier is the only disposable material 
generated from the system. 

 
 Syngas, after exiting the reactor, is scrubbed in a two-stage water scrubber and syngas 
polisher. The first section cools the hot syngas and removes the condensable tars. The second stage 
effectively scrubs the remaining tars, which are typically formed only under high-tar-loading 
conditions attained during severe conditions such as high throughput or high fines loading. The 
final syngas polisher removes carryover tar and scrubber liquid. This syngas-polishing system can 
be bypassed depending on the syngas quality required. Both scrubbing systems are closed-looped 
in order to facilitate the determination of the condensable and soluble organic and inorganic 
components of the syngas. 
 
 The flow rate of the syngas and gasification air are measured using orifice flowmeters. The 
syngas flowmeter is located downstream of the blower; the gasification air is measured upstream 
of the gasifier. 
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 The clean syngas is routed through a stack and flared at an elevation of 16 ft from roof height. 
The flare in the pilot system has a hot surface igniter; however, a pilot flame igniter would be 
utilized in a commercial system. Flare combustion air is induced by the ejector effect caused by 
the flow of syngas. A gas-sampling port is available for determining flare emissions. 
 
 The clean syngas composition is determined using an online gas analyzer capable of 
measuring CO, CO2, O2, N2, H2, CH4, and higher hydrocarbons (HCs). A quasi-online gas 
chromatograph (GC) is used for determining trace HC gases in the syngas. Additional sample ports 
are available for conducting isokinetic sampling of syngas to measure tar and PM according to the 
modified European tar protocol (U.S. Environmental Protection Agency, 2015) and U.S. 
Environmental Protection Agency (EPA) Method 5. These samples can be obtained from the 
syngas both before and after syngas cleanup unit operations. 
 
 The bed and syngas temperatures are measured at several locations to provide both process 
control and operational monitoring. 
 

Modification and Commissioning Test of the Pilot-Scale AFBG 
 

System Modifications 
 
 The pilot-scale AFBG was modified to gasify turkey litter feedstock as received from the 
poultry grower without pretreatment. The aim of the system modifications was to allow for 
continuous long-term gasification demonstration, intended for testing and improved ease and 
reliability of operation and to ensure self-sustained steady-state production of syngas. Through 
long-duration testing, evaluation of pinch points or failure mode in achieving flow of solids, 
liquids, and gases in and out of the system; clinker formation modes; and reactor failure associated 
with material corrosion were particularly important in understanding critical requirements for 
maintaining steady-state gasifier operation. Also, reliability of the instrumentation control and 
data-logging system were critical in establishing reliable operation of the system. In order to attain 
the project goals, the earlier system was modified as follows.  
 
 It was earlier established that for operation of a turkey waste gasifier, flawless functioning 
of the solid- and liquid-handling systems is imperative, particularly because of the high ash content 
of the feed and its fine particle size, causing the ash to entrain with syngas flow and plug the 
scrubbing system. 
 
 Considering that 80% of the inorganics in the PM entrained in the syngas was found to be 
composed of alkali salts, primarily K and Cl and about 7% sulfur, steady operation of the gasifier 
required gasifier construction material to be high-temperature and corrosion-resistant. The high-
temperature sections of the gasifier were completely replaced with refractory-lined sections. The 
uses of high-nickel, corrosion-resistant material was considered; however, to reduce the system 
cost as well as take advantage of the increasing thermal inertia of the gasifier walls, refractory liner 
was chosen as the best option. Except for the gasifier feed and residue sections, the main three 
main sections of the gasifier were refractory-lined. It was anticipated that the corrosive effects of 
the turkey could shorten the operational life of the gasifier, particularly when the gasifier is 
operated at higher temperature for extended duration as is required for commercial gasifiers. The 



 

3.2-9 

targeted modifications were aimed at avoiding midtest gasifier failure and creating a test platform 
for understanding system behavior under typical operational mode for the future commercial 
gasifier.  
 

Solid- and Liquid-Handling Systems 
 
 It was earlier established that for achieving continuous operation of a turkey waste gasifier, 
flawless functioning of the solid- and liquid-handling systems is imperative. This is particularly 
challenging because of the high ash content and fine particle size of the feed that was earlier 
observed to have caused a feed issue at the gasifier upstream and excessive ash and/or residue 
entrainment and related scrubbing system malfunction caused by flow line-plugging issues at the 
gasifier downstream. Modifications to avert fuel-specific issues are discussed as follows. 
 

Gasifier Feed System  
 

Primary Feed System 
 
 The torque/capacity of the motor drive of the primary screw feed system was increased to 
augment feed system reliability for the continuous feeding operation. The screw shaft diameter 
was increased. The screw flighting was not changed since a material flow issue was not observed 
in the screw section. Since the overall height of the reactor was increased, the feed system height 
was modified accordingly to accommodate the change to the reactor configuration. The photos in 
Figure 3.2-4 illustrate the difference between the previous system and the modified system. A 
relative height difference between two systems with respect to the deck could be estimated from 
Figure 3.2-4. 
 

Auxiliary Feed System 
 
 As shown in Figure 3.2-4, an auxiliary feed system was added to the overall system. This 
feed system was intended for feeding turkey farm waste other than litter and with different physical 
characteristics and recycling some of the recovered char utilized for water cleanup. The system 
was capable to holding 50 to 75 lb of biomass feed in its vertical hopper. Owing to a short screw 
feed and an injection point above the primary feed point, the auxiliary feed afforded the 
convenience of injecting material intended for gasifier in situ mixing with the primary feed 
material. The system also acted as a backup system and thus provided a contingency in the case of 
failure of the primary feed. Addition of this system proved to be useful in achieving uninterrupted 
fuel injection. The overall height change in the gasifier section required structural modification of 
the primary feed system. The relative height difference between the two systems with respect to 
the deck can be seen in the Figure 3.2-4. An auxiliary feed system and its location with respect to 
the inclined auger can also be seen in Figure 3.2-4. 
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Figure 3.2-4. Side-by-side comparison of the previous and modified feed systems. The relative 
height difference between the two systems with respect to the deck is shown. An auxiliary feed 

system and its location with respect to the inclined auger can also be seen. 
 
 

Syngas Removal System 
 
 The syngas was removed from the gasifier’s lower section as shown in the general process 
flow diagram and Figure 3.2-5. The major difference in the syngas extraction system is the addition 
of a specially designed cyclone that can remove syngas-entrained residue at the upstream of the 
heat recovery and wet scrubber section of the gasifier. Addition of a cyclone was considered 
because of the high ash content of the turkey (or poultry) waste and expected higher fine syngas–
entrained particulate loading that could potentially plug the syngas pipeline. An adequately 
designed in-line cyclone could significantly reduced particulate carryover into the scrubber 
system. As a result, the risk of plugging off of the scrubber system could be averted. Scrubber 
liquid line plugging was one of the few serious challenges observed in the premodified AFBG. 
 
 Commonly used cyclone design models were considered for estimating cyclone dimensions. 
Owing to the high particulate loading and  agglomeration propensity of poultry wastes, the 
predicted design could strongly depart from theoretical predictions. Considering these possibilities 
and the need to achieve similar cyclone performance at low particulate loading and low throughput 
or high loading and higher throughput, the Mothes and Löffler model was selected. Consideration 
was also given to the model’s ability to accommodate different flow regions within a cyclone, with 
a realistic estimate of particle turbulent diffusivity. The model was, therefore, found to be capable 
of providing good estimates of both grade-efficiency curves and particle-size distributions for the  
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Figure 3.2-5. Particulate cyclone as seen from the first floor of the modified system. 
 
 
cyclone catch and/or outlet dusts generated in turkey waste gasification. The cyclone was 
constructed with 310 stainless steel (SS) and was provided with a pneumatically actuated valve 
and lock hopper arrangement for cyclone residue extraction.  
 

Gasifier Residue Extraction  
 
 A more robust residue extraction system with high torque drive capacity was included in the 
modification. The design considerations given were primarily based on the high-residue-
throughput requirement for the high-ash poultry waste feedstocks. The system also added the 
ability to extract residue from different zones of the gasifier, which is a feature of the patented 
process. The system added flexibility of extracting residue at different rates such that material 
accumulation in the gasifier could be prevented. This was one of the key features required in 
maintaining steady-state operation of the gasifier while using feedstock with a high propensity for 
clinker formation.  
 

Gasifier Shell Material  
 
 Figure 3.2-6a is a general schematic of the gasifier showing the gasifier shell arrangement 
representing the modified gasifier built under this project. As depicted, the gasifier consisted of 
five shells, numbered 1–5. 
 
 The gasifier main sections—Shells 3–5—were replaced with refractory-lined shells as part 
of gasifier modifications. These shells, in the earlier version of the gasifier, were made of 310 SS  
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Figure 3.2-6. a) General schematic of the gasifier showing the different shell arrangement and  
b) a 3-D sectional view depicting the refractory-lined gasifier shell. 

 
 
and were selectively replaced with high-purity, high-alumina (95% by weight) castable refractory 
material. Figure 3.2-6b shows a 3-D sectional view of the refractory-lined gasifier shell. The 
refractory-lined shell provided necessary corrosion resistance and strength for the high-
temperature, corrosive environment of the system. The shell thickness ranged between 4 and 6 in. 
This provided much-required thermal inertia for attaining long-duration steady-state operation at 
temperatures ranging from 800° to 1100°C. 
 
 Because high-moisture, high-ash turkey litter conversion required the least wall heat loss 
possible, additional low-density ceramic insulation blankets were wrapped to achieve a near-
adiabatic surface. Figure 3.2-7 shows the complete assembly of the gasifier reactor as seen from 
the west side of the first floor. Figure 3.2-8 is a photograph showing a three-floor view of the 
modified AFBG system facing the northwest side of the pilot facility.  
 

Heat Recovery Unit (HRU) (air preheater) and Wet Scrubbing System 
 
 The shell-and-tube HRU was designed to extract syngas sensible heat in order to cool it 
down to a temperature range acceptable to the syngas wet scrubber system. The water-scrubbing 
system removes condensable and soluble tar and PM from the syngas for effective recovery and 
recycle. The temperature of the syngas entering the scrubber section is maintained slightly in 
excess of 350°C. This temperature limit is experimentally predetermined in order to avoid tar 
condensation in the scrubber upstream section near the liquid spray nozzle. The design  
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Figure 3.2-7. Complete assembly of the gasifier, primary feed, and syngas scrubber water tank 
and pump as seen from the west side of the first floor.  

 
 
philosophy used for the HRU was the same as the previous system; however, because of the 
addition of the cyclone, complete structural changes were necessary, including thermal expansion 
joint modifications to accommodate the dimensional changes of the entire system. The design 
features of these two components remained the same; however, owing to the increase in the flow 
rate of the syngas, its temperature (at the exit of the gasifier because of improvements in the 
gasifier), and required flexibility in varying operating conditions without experiencing loss of 
efficiency or performance of these components, the components were modified to reflect expected 
operational variations. 
 
 The addition of a cyclone helped to overcome excessive PM getting into the HRU as well as 
the scrubber section.  
 

HRU (air preheater) 
 
 The modification included a tube-and-shell heat exchanger, with a higher heat-transfer 
surface area provided by using fined tubes and baffles for adequate flow distribution. The 
temperature-resistant 310 SS was used as construction material. The design allowed online 
removal of solids and liquid condensates from these sections. The modifications also include steel 
expansion stress relief.  
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Figure 3.2-8. Three-floor view of the modified AFBG facing northwest. 
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Wet Scrubbing System  
 
 The scrubbing system consisted of two ejector scrubbers arranged in series. The design and 
operating conditions of the scrubbers are specific to the syngas tar and PM in addition to the 
quantity of sensible heat required to be extracted with the help of cold water circulating in the 
semi-closed loop. The heat extracted in the water results in a decrease in water temperature by 
about 10°–12°C. This sensible heat is extracted by circulating coolant in the coil and jacket within 
the return water storage tanks shown in Figure 3.2-7. Tank 2 was added in order to increase the 
volume of water required for increasing the water circulation rate and also to increase the water-
cooling surface area. The pump capacity was increased to ensure enough flexibility in controlling 
water recirculation rate and pressure. The water return pipeline diameter was increased in order to 
avoid plugging in case of long-duration operations. An adequate number of pressure relief valves 
were added for the water and gas line for safe operation and to avoid accidental release of fugitive 
emissions of partially dissolved gases and volatile organic compounds from the water. 
 

Control and Data Acquisition System 
 
 The previous control and data acquisition system utilized was not easily serviceable by 
EERC instrumentation personnel because of a lack of programing experience. As a result, the 
flexibility required to expand the system for the modification and the increased need for real-time 
capabilities were challenging. It was determined that familiarization with instrumentation and 
control hardware and software was critical to troubleshooting issues during long-duration system 
operation. The previous control and acquisition system was replaced with National Instruments’ 
Compact Reconfigurable Input/Output (cRIO) hardware and LabView. The hardware feature is 
depicted in Figure 3.2-9. The added capabilities helped to take operation of the pilot system from 
a manual system with an automatic safety control feature to a semiautomatic operation with 
computer screen-based input/output control features. Thus the modified system improved 
functional ease of function of the gasifier system and integrated all function components of the 
pilot gasifier. A series of troubleshooting exercises during the system-commissioning operation 
were required to improve the robustness of the new system.   
 

Modified System Commissioning Shakedown 
 
 The initial commissioning and shakedown efforts were aimed at preparing the integrated 
gasification system to perform in accordance with the standard operating procedure and fulfill the 
overall goal of attaining continuous long-duration gasification of turkey/poultry waste. These 
activities were completed as a primary requirement for conducting the turkey waste gasification 
test. The following lists the scope of work classified as Commissioning Activities 1 and 2. 
 
 Activity 1 

• Operation verification of computer-controlled devices 
• Sensor operation and data visualization and logging/trending 
• Gasification air and syngas flow system operation 
• Syngas-scrubbing system operation 
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Figure 3.2-9. National Instruments’ cRIO hardware used in the modified gasifier control and data 

acquisition system (Source: National Instruments). 
 
 

• System leak-testing – pressure and leak rate, if any 
• Ignition system operation 
• Solids extraction system operation – cold test with charcoal 
• Emergency purge and residual gas-venting system operation 
• Safety procedure verification 
• Standard operating procedures, including emergency shutdown procedure verification 

 
 Activity 2 

• Charcoal gasification test: low-ash, low-volatile, and low-moisture fuel test 
- Cold ignition process  
- Temperature profile management 

♦ Uniform temperature profile 
♦ Bed temperature control procedure – impact of zone wise air injection rate 
♦ Heat exchanger operation – hot- and cold-side inlet/outlet temperature profile 

- Syngas composition and flow rate test 
- Ash and char extraction test 

- Cyclone particulate discharge test 
- Differential pressure measurement and control 
- Shutdown operations 
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- Hot reignition 
- Cyclone operation 
- Scrubber system operation  
- Differential pressure measurement 
- Mass and energy balance test 
- Postshutdown inspection 

 
Preliminary Shakedown Test Observations and Recommendations 

 
 It was observed that turkey litter moisture content varied between 28% and 56%. The high-
moisture litter (up to 56%, see moisture data) formed lumps and had flow issues in the vertical 
hopper of the inclined auger, resulting in intermittent feeding. This affected gasifier operation 
during the test. This observations helped in understanding the need for prehomogenizing the fuel. 
 
 The auxiliary feed system designed to feed chopped birds and wet char is expected to 
overcome the feeding issue with high-moisture litter. This feed system was found to work 
effectively and was considered an option for future tests in case of any issues with the primary 
feed system.  
 
 A strategy of maintaining slow, continuous extraction of residue greatly helped in 
overcoming clinker formation. A longer wait time (between 2 and 3 hr) between extractions caused 
clinker formation and affected syngas composition. The modified system, however, proved useful 
in extracting the clinkered material effectively. The modified residue extraction system worked 
well with clinker-forming gasifier operating conditions (higher bed temperature) and non-clinker-
forming conditions, thus helping to avoid system failure. 
 
 The cyclone prevented PM from getting into the scrubber system, which improved the 
functionality of the gasifier system and helped to avoid the risk of spray column clogging as was 
previously observed. A steady water temperature was obtained which ensured adequate heat 
rejection rate, as expected. 
 
 A longer heating period (during cold start) was found necessary to reduce bed temperature 
variations observed because of the steep moisture variation in the turkey litter. The gasifier 
operation was found to have helped in reducing bed temperature variations. The thermal inertia of 
the modified reactor shells thus assisted in preventing steep thermal load variation; however, this 
caused long initial heatup time. Since refractory took a substantial time to heat during the 
commissioning-phase shakedown operation, the use of natural gas burners was recommended 
during the cold start-up phase in order to reduce the initial transition period. This, however, was 
not required if back-to-back experiments were conducted with a short period of shutdown.  
 
 The modified gasifier operated satisfactorily and was prepared for the operating conditions, 
methodology, and design fine-tuning that would work best for extended-duration testing. 
 
 Maintaining bed fuel level was one of the critical requirements in maintaining steady-state 
syngas composition. This would require continuous fuel injection and solid flow within the 
reaction zone. The feed systems on the pilot gasifier maintained the desired fuel injection rate 
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while the extraction system removed high-inorganic residue. Feed level detector functioning was 
found essential to maintaining steady solid flow through the gasifier. 
 

Recommendations for Low-Tar Operation 
 
 Maintaining high uniform bed temperature was found critical in achieving low-tar operation. 
The fuel with a high propensity for clinker formation could restrict achieving high temperature. 
Experiments were recommended to determine operating conditions that would allow free 
movement of bed material to achieve clinker-free operation. Achieving this could be challenging 
considering the high fuel composition variability particularly observed in the turkey waste 
received.  
 

Fuel Analysis and Feedstock Preparation 
 

Fuel Analysis 
 

Proximate– Ultimate Analysis 
 
 The turkey litter received from Denyon on December 18, 2012, was named TLWS (turkey 
litter with wood shavings). The wood shavings were used as a bed material; therefore, TLWS is 
expected to have distinctly different physicochemical and thermal properties as compared to turkey 
litter with other bedding materials. In order to understand this difference, a comparison of 
proximate–ultimate analyses of TLWS and TLOH (turkey litter with oat hulls) bedding received 
in 2009 is presented in the Table 3.2-1.  
 
 
Table 3.2-1. Proximate–Ultimate Analysis and Heating Value of TLWS and TLOH Fuels 
Fuel Types: TLWS-2012 TLWS-2009 TLOH-2009 

 
As-

Received 
Moisture-/ 
Ash-Free 

As-
Received 

Moisture-/ 
Ash-Free 

As-
Received 

Moisture-/ 
Ash-Free 

Proximate Analysis, wt%       
Moisture  28.5 – 60.6 – 61.2 – 
Volatile Matter  48.0 80.68 21.89 75.74 21.9 72.33 
Fixed Carbon 11.5 19.32 7.01 24.26 8.42 27.67 
Ash 12.0 – 10.5 – 8.47 – 

Ultimate Analysis, wt%       
Hydrogen  6.9 6.2 8.9 7.5 8.98 7.19 
Carbon 28.7 48.2 16.51 57.12 16.28 53.74 
Nitrogen 3.3 5.5 1.12 3.86 1.01 3.32 
Sulfur 0.6 1.1 0.27 0.93 0.22 0.73 
Oxygen 48.5 38.9 62.7 30.6 65.04 35.02 

Heating Value, MJ/kg  11.54 19.41 5.83 20.19 6.37 21.03 
Btu/lb 4963 8346 2505 8680 2740 9044 
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 Considering the expected fuel variability within the same batch of the TLWS-2012, the 
approach taken in obtaining the sample sent to the analytical laboratory was to prepare a composite 
batch by mixing samples that were extracted from the gasifier feed hopper at a regular interval 
during the extended-duration TLWS-2 test. The moisture could be slightly underestimated because 
of unaccounted for moisture loss that may have occurred at the time of sampling and storing of the 
sampled material at room conditions.  
 
 As can be seen, the proximate analysis on an ash- and moisture-free basis shows higher 
volatile matter and lower fixed carbon fractions as compared to the TLWS-2009 and TLOH-2009 
fuels. The ultimate analysis shows a comparatively higher nitrogen and sulfur concentration in the 
2012 fuel. Also, the calorific value of the fuel is slightly lower than the 2009 fuels.  
 

TLWS Ash Analysis 
 
 The inorganic composition of TLWS feedstock is shown in Table 3.2-2. In order to 
understand variations in the inorganic composition in similar materials, data obtained in September 
2009 for TLWS and percent difference in each inorganic constituent of the material are presented 
in Table 3.2-2. The weight fractions of constituents in the shaded rows were found to have 
decreased.  
 
 The calcium and silica oxides were the major inorganic constituents that were found to have 
decreased by about 102% and 25%. The phosphorus, potassium, sodium and magnesium were the 
major inorganics that were found to have increased by at least 25%. The other trace inorganic  
 
 

Table 3.2-2. Inorganic Composition of TLWS Received at Two  
Different Times 
Oxides, wt% 2/19/2013 11/9/2009 Difference, % 
P2O5 32.34 24.12 25.44 
K2O 19.33 14.49 25.02 
MgO 7.63 5.22 31.58 
Na2O 4.98 3.40 31.73 
Al2O3 0.90 0.19 78.35 
MnO 0.38 Trace 100.00 
Cl 6.05 3.30 45.54 
BaO 0.02 0.01 62.50 
SrO 0.03 0.02 54.55 
Cu 0.14 Trace 100.00 
Zn 0.29 Trace 100.00 
CaO 14.19 28.64 −101.86 
SiO2 9.55 11.95 −25.14 
SO3 3.37 7.30 −116.55 
Fe2O3 0.55 0.90 −63.09 
TiO2 0.05 0.12 −122.22 
Unknown 0.20 0.35 −73.00 
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species such as Mn, Cu, and Zn increased substantially in TLWS-2012. The other reported 
inorganic constituents in the ash, such as chlorine, increased substantially by about 45%, while 
sulfur decreased by an equal amount or more. The analysis is utilized to explain the clinker issues 
that can challenge gasifier operation.  
 
 The results of the equilibrium calculations performed (using FactSage software) are 
presented in the plot of temperature vs. slag weight fraction in Figure 3.2-10. As can be seen, the 
reduction in the Ca and Si fractions in the new material helped to reduce the total fraction of slag 
formed at the temperatures experienced during runaway situations. Although the onset of slagging 
occurs earlier with the new TLWS, the Ca and Si reduction contributed to minimizing clinker 
formation to a greater extent.  
 

Comparative Thermal Analysis of TLWS-2012 and Softwood  
 
 A preliminary understanding of the thermal behavior of the TLWS was required. The 
approach taken was to subject samples to the thermal analysis technique commonly utilized in 
understanding wood or polymer pyrolysis and relate the existing data to understand the 
decomposition feature of TLWS. Figure 3.2-9 shows thermogravimetric (TG) curves representing 
weight change and the rate of weight change profile as a function of temperature for the TLWS 
and pure softwood typically used as bedding material.  
 
 
 

 
 

Figure 3.2-10. Temperature vs. slag weight fraction for TLWS-2009 and 2012. 
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 Each sample was heated at the same heating rate of 10°C/min in a flowing argon atmosphere. 
Table 3.2-3 shows temperature information pertaining to different stages of material conversion. 
This information was extracted from the TG and differential TG (DTG) curves shown in  
Figure 3.2-11. The temperature when weight change of the material first initiates is represented by 
Tinitial. Tstart point is shown as the beginning of the classical inverse “S” curve decomposition (see 
Figure 3.2-11). This temperature point helps in understanding the stability of the organic 
components present in any feedstock. Typically, low-stability material initiates decomposition at 
a lower temperature. Tend point is the temperature at the end of the curve beyond which negligible 
or very small decomposition of the material occurs.  
 
 The DTG curves of the conversion of TLWS and softwood are shown in the same plot. The 
abscissa representing temperature (in °C) in the TG and DTG plots is shown in Figure 3.2-10.  
 
 The temperature value Tmax, as shown in Table 3.2-3, is extracted from the DTG curve peaks 
at which the weight change or conversion rate reaches the maximum point. Since the TLWS 
materials are complex mixtures of a wide variety of organic constituents having different 
physicochemical compositions, their decomposition shows two distinct maxima unlike that of pure 
wood, as shown in Figure 3.2-10. Also, at temperatures ranging between 620° and 720°C, there is 
a slight bump in the DTG curve of TLWS, which possibly could be associated with inorganic loss. 
 

TLWS Decomposition  
 
 The TG curve shows two distinct slopes, a consequence of the presence of two distinct 
groups of materials in the TLWS. The DTG also shows two identifiable peaks of rate change in 
weight at two different Tmax temperature points. These peaks are less prominent as typically found 
in the case of mixtures of biomass and plastics. As shown in Table 3.2-3, Tinitial is 122°C which is 
lower than the soft wood. Interestingly, the decomposition starting point, Tstart point, and Tmax of the 
first curve of TLWS are 140° and 253.6°C, respectively. This significantly lower temperature 
point, particularly Tstart point, indicates that TLWS is among the list of low-thermal-stability organic 
materials such as HC and unlike woody biomass. Such a fuel under gasifier operating conditions 
of rapid heating can generate a relatively large flux of volatile material, posing challenges 
associated with tar generation.  
 
 

Table 3.2-3. Comparative Temperature Data for Different  
Decomposition Points for Different Materials 

 TLWS-2009 Softwood 
Heating Rate 10 10 
Sample Weight, g 25.0320 16.07 
Tinitial, °C 122 185 
DTG Peaks 1 2  
Tstart point, °C 140 275.3 216 
Tend point, °C 272.4 369.8 392.9 
Tdifference, °C 135.3 97.4 176 
Tmax, °C 263.5 317.6 362 
Rate Max., %/min 3.17 4.69 10.53 
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Figure 3.2-11. TG and DTG curves of TLWS and wood obtained at identical conditions – 
heating rate of 10°C/min under argon flow. 

 
 

Pilot-Scale Testing of Representative Poultry Feedstock  
 

Operation Details for Denyon Test 3 
 

Fuel Preparation Handling and Feeding 
 
 The TLWS exhibited biological conversion at room conditions and released ammonia. The 
Super Sacks were transferred outdoors to take advantage of winter conditions to slow the 
decomposition process. The Super Sacks were brought indoors 5 days prior to the gasification 
tests.  
 
 The drying, mixing, or homogenizing of the received TLWS fuel was not intended for the 
initial tests in order to maintain the envisioned field operation. Uneven moisture was a concern. 
However, since material could be easily transferred from the larger Super Sacks in which the 
TLWS was received (filling capacity 700–750 lb) to smaller ones (filling capacity 275–350 lb), no 
additional effort was considered for achieving fuel homogeneity. The transferring operation was 
assumed to be adequate to achieve some degree of mixing. Like all other previously tested fuels 
(fuel received in 2009 as well as June 2012), this batch also consisted of solid lumps, fine material, 
and some bird parts. An initial TLWS flow test was conducted to ensure smooth flow of the TLWS 
in the hopper. This batch of material flowed satisfactorily in the vertical hopper; however, 
occasional material bridging in the hopper was unavoidable. The TLWS flow in the vertical hopper 
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was monitored at a regular interval as a precautionary step in order to avoid losing feed to the 
gasifier. 
 
 The TLWS was fed in the gasifier with the help of a screw feeder. The screw was operated 
in a pulsed feed (or intermittent feeding at constant frequency) mode. Operation details are 
described in the following section. 
 

Gasifier System Preparation 
 
 A systematic system check prior to the reactor preheating procedure was completed. The 
current system is operated through the AFBG control program. For system preparation, the  
Stage 1 start-up procedure checklist published in the standard operating procedure was verified.  
 
 Air or syngas leakage from the gasifier sections is one of the greatest concerns if it occurs. 
Since the gasifier is operated under negative pressure, air leakage from undesignated spots may 
cause hot spots and result in clinker formation. The positive pressure created after blower 
shutdown can leak syngas in the surrounding area. Both of these unwanted events are prevented 
by conducting negative and positive pressure leak tests.  
 
 The negative pressure test is conducted by holding a minimum of −4-in. W.C. pressure for 
at least 5 minutes. The vacuum or negative pressure is created between valves located at the 
gasifier upstream and valves located downstream of the scrubber. The variable-speed blower was 
operated at 10 Hz, with the actuated ball valve at the gasifier upstream open. Negative pressure is 
built up immediately after the inlet valve is shut down. The rate of increase in the negative pressure 
in the gasifier could provide a good qualitative understanding of the ability of the system to hold 
pressure, indicating leak-free system status. Holding a minimum of 4-in. W.C. negative pressure 
in the reactor for at least 10 minutes is recommended. The pressure and duration can be longer. 
Greater negative pressure in the gasifier section is avoided. It has been found that the blower will 
overload and quit operating prior to pressure buildup.  
 
 The gasifier relief valve relieves pressure at 3–4-in. W.C. The gasifier pressure buildup 
occurs after blower shutdown, particularly when the reactor is hot with continued air injection 
during preheating operation.  
 
 The flare ignition system is checked to ensure that the syngas is ignited. The hot surface 
igniter is switched and the increase in flare temperature observed. The rise in temperature is an 
indication of a properly functioning igniter.  
 
 The syngas analyzers are calibrated prior to the test. The tar and particulate system is leak-
tested and prepared to conduct syngas tar sampling. For the current test, the tar apparatus was kept 
on standby such that within 1.5 hr, sampling was initiated.  
 
 Water discharge permission from the city wastewater discharge facility was obtained prior 
to the test run. 
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Start-Up Procedure 
 
 The general gasifier operating procedure is presented in [1]. Figure 3.2-6a is a general 
schematic of the gasifier showing the gasifier shell arrangement. Gasifier preheating is an added 
step and, therefore, is partially described in the following section. Owing to an undersized water-
cooling system (water chiller), the procedure adopted for maintaining water temperature, an 
additional water storage tank (usage capacity of about 400 gal) was added. The new Water  
Tank 2 (Figure 3.2-7) is prefilled with cold tap water and brought online as the water temperature 
in the small tank (150-gal capacity) increases because of scrubbing of hot syngas. The same 
procedure is applied during the gasifier preheating phase. 
 

Reactor Preheating 
 
 The gasifier is preheated with the help of natural gas in order to minimize the time taken to 
achieve steady-state operation of the system when starting from cold. The targeted refractory wall 
temperature achieved is about 550°C. Slow heating is preferred in order to avoid thermal shock-
related cracking of the refractory walls. The burner is operated at about 30 kW for a period of 
about 15 to 20 hr. In the current gasifier configuration, the natural gas burner is retracted out of 
the gasifier and is not used during TLWS gasification experiments.  
 
 Figure 3.2-12 shows the refractory wall temperature just prior to fuel injection. Since 
preheating is conducted in a downfired mode and the hot combustion product gases are removed 
from Shell 4, the lower Shell 5 is about 50°C lower.  
 
 
 

 
 

Figure 3.2-12. Time vs. temperature history of refractory wall sections prior to feed injection.  
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OBSERVATIONS, RESULTS, AND DISCUSSION 
 
 Two gasification tests were conducted on TLWS. Details of the test are presented in  
Table 3.2-4.  
 
 A summary of event history, observed difficulties, and troubleshooting procedures adopted 
for an entire day ending at midnight is presented for the experiments conducted.  
 

Event History for the TLWS-2 Test 
 

Gasification Initiation – Transition and Posttransition Observations 
 
 The gasification test was initiated after about 75 lb of wood charcoal was added with the 
auxiliary feed system. The charcoal addition was aimed at plugging the syngas outlet to avoid 
unconverted TLWS getting entrained and to avoid the significant wall temperature loss in the 
gasifier upper section that is expected to occur after TLWS is injected. During injection, a slight 
cooling effect was observed in Shell 4 (temperature recorded by TC at the temperature indicator 
recorder [TIR] 244 and TIR 248 locations), while no significant impact was observed in the upper 
shells (Shells 1–3). The blower operation was initiated after charcoal injection was completed in 
order to ignite the charcoal prior to initiating TLWS injection. Notable syngas production was not 
observed at this time.  
 
 The TLWS injection was initiated at 8:39, January 22, 2013, about 2 min after charcoal 
injection ended. The TLWS was continuously injected at the highest auger speed for about  
22 min, and later the feed speed was reduced to the 40% of the full speed for a total of  
53 min. About 500 lb of TLWS was loaded in the gasifier and an additional 100 lb of new material. 
Pulse feed was initiated at about 10:37. The bed height was determined with the help of a reference 
rod that could be injected in the gasifier. The injection rate was adjusted based on the physical 
observation of the bed height from a site port located in the topmost section of the gasifier (location 
at which burner was installed). Observation through this site port helped in observing the fuel 
injection process, and an accurate estimate of bed height could be made. Any top surface rat holes 
can be observed from the same site port.  
 
 A constant blower speed was maintained for achieving near-constant syngas production rate 
and total gasification air injection rate. The air injection rate from the upper zone of the gasifier 
was adjusted in order to maintain steady-state production of syngas. Based on the previously  
 
 

Table 3.2-4. Gasification Test Record for TLWS – First Fuel 
Fuel-Specific 
Test Name 

Start Date and Time 
(TLWS injection) 

Stop Date and 
Time 

Total Run 
Time 

TLWS-2 1-22-13, 8:39 1-25-13, 17:51 81 hr  
12 min 

TLWS-1 1-11-13, 11:08 1-12-13, 7:08 20 hr 
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determined fuel moisture, its value was assumed to be uniform at 30% for the entire test. Also the 
preheated reactor wall temperature would remain constant at steady state and constant air injection 
rate. What remained to be seen was the bed movement and ability to maintain constant reaction 
front locations once the bed height is maintained after char buildup occurs during the initial phase. 
Considering the TLWS packing density and gasifier volume, it was estimated that about 240 lb of 
char and 79 lb of TLWS inventory were required to be maintained in the gasifier. 
 
 Figure 3.2-13 shows the time vs. temperature history obtained at five different sections of 
the gasifier. These plot data show the TLWS and gasifier operating condition-specific bed 
temperature variation as the char inventory in the gasifier builds up. It can be seen that the reaction 
front moves upward with time and stabilizes in the plane of TC TIR 228 located in the bottom 
portion of metal Shell 2. The evaporation and devolatilization (ED) zone has stabilized at this point 
between the fuel injection and the plane of TC TIR 228. The ideal gasification condition can be 
obtained once this condition is established. Figure 3.2-14 depicts the syngas composition 
determined in two different online syngas analyzers. As can be observed, the CO2 concentration 
is greater than 17% (until 10:00, January 22, 2013), indicating a transition process involving a high 
rate of ED and fuel oxidation required to maintain exothermic heat profiles in the self-sustained 
gasification processes. The higher HC and CH4 concentrations (in excess of 2%) are another 
indication of the transition process. Because of an inadequate carbon inventory during the 
transition, the moisture content in the syngas is also high. The measured water generation rate 
during the transition period (between 8:39 [TLWS injection] and 11:00) was about 2.5 times higher 
than that found during steady-state operation.  
 
 Figure 3.2-15 shows the time history vs. temperature of the posttransition period which is 
expected to remain consistent during the entire operation. One of the primary aims of the 
experiment was to identify and understand how certain operating conditions affect steady-state 
operation of the gasifier and impact its performance as it relates to syngas quality. Developing an 
understanding of these conditions is critical in arriving at favorable gasifier operating conditions.  
  
 During posttransition steady state, the average temperature in Shell 5 ranged between 726° 
and 587°C (Table 3.2-5). During this period, the average temperatures of Shell 3 and Shell 4 were 
581° and 460°C, respectively. However, a large temporal variation at all thermocouple (TC) 
locations in Shell 3 was observed. The damping of this temperature variation and its impact on 
TLWS conversion will be determined in future experiments.  
 
 Figure 3.2-16 shows the time history vs. posttransition syngas concentration. Three 
analyzers were used in order to provide additional redundancies and understand deficiencies if 
generated during long-duration operation. The LGA (laser gas analyzer) 47 was temporarily out 
of service; therefore, LGA 35 was brought online. As can be seen, hydrogen-rich syngas was 
produced. The composition of the same syngas determined by LGA 35 and GA 301 is presented 
in Table 3.2-6.  
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Figure 3.2-13. Time vs. temperature history of gasifier Shells 1–5 for the first 3 hr of fuel 
injection in the preheated gasifier. 
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Figure 3.2-14. Time vs. syngas history obtained during the first 3 hr of feed injection in the 
preheated gasifier. 

 
 

Auger Operation 
 
 The residue augers in the current gasifier are critical in moving the bed when it becomes 
sluggish or when a temperature runaway situation in any of the gasifier shells is observed. It is 
understood that the forced bed movement can assist removal of channels formed in the deep bed 
(not visible from the top site port) that may cause localized temperature runaways. It was found 
beneficial to operate the extraction auger at a regular interval. The migration of partially 
devolatilized material from the upper zone of Shell 2 into Shell 3 in some extreme instances can 
cause lowering of the bed temperature, resulting in fast char conversion, loss of steady syngas 
composition, and an increase in tar concentration in the syngas.  
 
 The extended-duration tests are aimed at understanding the extent of operation (number of 
revolutions, rotational speed, and frequency) which can then be translated to automatic operation 
in future experimental verifications.  
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Figure 3.2-15. Time history vs. posttransition steady-state temperature determined in the 
individual gasifier shells. 
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Table 3.2-5. Average Bed Temperature in Shell 5 for 4-hr Posttransition Period 
(11:27–16:27, 1-22-13) 
TC Location TIR 250A TIR 250B TIR 258A TIR 258A 
Average Temperature, °C 726 676 575 587 

 
 

 
 

Figure 3.2-16. Time profile vs. syngas during posttransition operation of the gasifier. 
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Table 3.2-6. Posttransition Syngas Composition as Recorded by Two Different Analyzers 

 

LGA 
35 

CH4 

LGA 
35  
CO 

LGA 
35 

CO2 

LGA 
35  
H2 

LGA 
35  
O2 

LGA 
35 

H2O 

LGA 
35  

H2S 

LGA 
35  
HC 

LGA 
35  
N2 

1/22/13 16:26:13 1.20 13.32 13.36 14.15 N/A 1.24 0.03 0.89 55.81 

 

GA 
301 
CH4 

GA 
301 
CO 

GA 
301 
CO2 

GA 
301 
H2 

GA 
301 
O2     

1/22/13 16:26:13 0.9 13.6 13.5 12.5 1.2     
 
 
 Figure 3.2-17 shows temperature variation recorded during residue extraction auger 
operation. As can be seen, the Shell 4 temperature rapidly dropped, suggesting drastic movement 
in the bed. The auger movements caused excessive bed entrainment. About 15.8 lb of cyclone char 
was collected from the cyclone dump. Figure 3.2-18 shows immediate impact on the syngas 
composition. The operator’s decision to operate the auger was primarily based on the assumption 
that the bed was experiencing clinker formation. Tar sampling initiated during steady-state 
operation was impacted by this action, and it was observed that large fractions of tar were formed 
by the action of the auger movement. As a result of this observation, a decision was made to reduce 
auger speed to the minimum speed. Also, an additional feature of automatic auger operation at a 
predetermined regular interval was incorporated into the instrumentation control software.  
 

Extended-Duration Operation – TLWS-2 
 
 The test duration was 81 hr, as indicated in Table 3.2-4.  
 

TLWS Fuel Feeding 
 
 TLWS was fed while the auger was operated in a cyclic “on and off” mode at almost constant 
auger speed, as can be seen in Figure 3.2-19. The long vertical lines shown in Figure 3.2-10 are 
instances where the feeding rate was found inadequate to keep up with the dropping bed level. 
These events were found to have occurred for the following reasons: 
 

1. Fuel bridging in the feed hopper as a result of (TLWS lump) the auger causing temporal 
feed injection even though the feeder was operational 

 
2. Intentional feed shutoff for longer periods than required 
 
3. Excessive operation of the residue extraction auger, causing loss of bed material because 

of entrainment 
 
4. Excessive char burnout due to cooling effects 
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Figure 3.2-17. Time history vs. bed temperature of gasifier Shells 2–5 during operation of the 
residue extraction auger. The figure shows a sudden temperature drop owing to bed migration 

effects that pushed system operation into transitional mode. 
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Figure 3.2-18. Time history vs. syngas species concentration showing immediate impact of 
excessive residue extraction auger operation on syngas composition. 

 
 

Temperature vs. Time History of Gasifier Sections and Syngas Temperature at 
Gasifier Outlet 

 
 Figure 3.2-20 shows the temperature–time history of gasifier Shells 2–5 and syngas outlet 
temperature. In order to develop a better understanding, the abscissa are parallel, equal, and 
vertically aligned. In the current configuration, the natural gas burner is essentially removed prior 
to the initiation of feed injection. It is, therefore, not utilized during the test. Gasifier operation is 
completely self-sustained. 
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Figure 3.2-19. TLWS feed operation depicting time history vs. motor speed for the TLWS-2 test. 
 
 
 During this experiment, an attempt was made to maintain a distance of about 18 in. between 
the feed auger outlet in the gasifier and bed level (plane of TC location TIR 222–TIR 224) such 
that the hot-air injection port is almost submerged with the feed. The minimum distance was later 
reduced to about 12 to 14 in. The Shell 1 average temperature remained almost constant at below 
80°C.  
 
 In order to achieve higher midzone temperature, it is important that the partially devolatilized 
fuel or char level be maintained to the top of the refractory section. As can be seen, there are 
temperature spikes in the lower section of Shell 2. The spike in the temperature in this zone in 
some cases was deliberate and in some cases was due to early drying of the fuel causing a local 
oxidation zone in the vicinity of the reactor wall. The controlled action would assist in increasing 
Shell 3 midsection temperature. This, however, is required to be further established for TLWS. An 
attempt was made to increase fuel dryness by mixing about 30% by weight cyclone char having a 
LOI of about 30% with TLWS. The temperature rise in Shell 2 at 10:30 on January 25, 2013, was 
slightly higher than any other rise. Because of the very fine char/ash present in the cyclone char 
(see sieve analysis for cyclone char), a pressure drop across the air injection port was experienced. 
This experiment was for a short duration on the last day of the test run and, therefore, was 
discontinued.  
 
 During steady-state operation, occasional difficulties related to bed dropping or sudden 
material migration were experienced. This was attributed to excessive operation of the residue 
extraction auger. The temporal lowering of the bed or reactor wall temperature can cause rapid 
char consumption, requiring longer bed temperature recovery time. The lowering of Shell 4 
temperature, as described earlier, was found to impact syngas composition. The outcome of this 
understanding will be utilized in managing auger operation and bed char inventory. 
 
 Heavy clinker formation was not observed; however, occasional clinkers could be seen in 
the bottom residue. The presence of small-size clinkers is shown in the photos of the ash in the 
section that discusses of residue particle size. The average loss on ignition (LOI) of the ash was 
about 6%. 
 
 The exit syngas temperature climbed until the afternoon of January 23 and thereafter varied 
between 400° and 600°C. The rise and fall pattern was owing to similar variations in Shell 4.  
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Figure 3.2-20. The time–temperature history of gasifier Shells 2–5 and syngas outlet 
temperature. 
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Cyclone Operation 
 
 Cyclone operation was critical and played an important role in maintaining continuous 
gasifier operation. The current design of the syngas extraction zone includes eight 2-in. circular 
ports leading the syngas from the near-bottom section of gasifier Shell 4 into the gas extraction 
annular chamber located on the outside surface near the upper section of Shell 4 (see the Shell 4 
drawing for detail). Unlike the previous gasifier design, the current design does not allow the 
entrained particulates to fall back into the gasifier. This design requires near-complete removal of 
the entrained PM in the cyclone, prior to the syngas scrubber section.  
 
 The TLWS tests established that the cyclone performed satisfactorily. An hourly cyclone 
drain was found adequate in removing the separated PM in the dump. The pneumatically actuated 
butterfly valve, located at the bottom of the cyclone, developed an issue of incomplete closure. 
The dump, however, protected air leakage into the syngas stream due to negative pressure in the 
cyclone. Some air leakage in the syngas stream was unavoidable at the time of particle extraction, 
as stated earlier.  
 
 During normal operation, the water in the spray column was not found to have characteristic 
black PM, indicating adequate performance of the cyclone. At the time of sudden bed drop because 
of excessive residue extraction auger operation, the frequency of opening the cyclone butterfly 
valve was increased. This helped to remove PM in the dump, thus avoiding a cyclone overfill 
situation. During the postshutdown period (January 25, 2013, at about 17:30), a test condition of 
excessive particulate entrainment occurred as a result of excessive speed in residue extraction 
auger operation (see time history vs. SC-202fb). The test condition was found to entrain 38.6 lb of 
bed material, and we expected the cyclone cone to have filled. A significant amount of PM was 
entrained out of the cyclone and found its way to the scrubber water.  
 
 The insulation on the cyclone adequately reduced heat loss. Table 3.2-7 shows the 24-hr 
average temperature determined at the cyclone inlet and outlet. The data show near-constant 
temperatures at these locations for January 23 and 24, 2013.  
 

Heat Exchanger Operation 
 
 The photographs of the different views of the top end of the hot side of the heat exchanger 
are shown in Figure 3.2-21. The residual material shown in Figure 3.2-21a was leftover from the 
postexperiment entrainment test described in an earlier section. In order to examine the inside  
 
 

Table 3.2-7. 24-hr Average Gas Temperature Obtained  
at the Cyclone Inlet and Outlet 

 
24-hr Average 

1-23-13 1-24-13 
Cyclone Inlet – TC TIR 271 467.0°C 458.3°C 
Cyclone Inlet – TC TIR 280 464.2°C 459.5°C 
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Figure 3.2-21. Photograph depicting different views of the top end of the heat exchanger’s hot 
side (syngas side). 

 
 
surface of the heat exchanger tube (syngas or hot side), a source of light was introduced from the 
cyclone dump, after the butterfly valve and bump ball valve were opened. As can be seen in  
Figure 3.2-21b, the complete length of the tube except for about 12–14 in. on the top side was 
clean. The reflection of light indicates the clean surface. The top end was found to contain deposits 
as shown in the figure. The composition of the deposits was not analyzed; however, it appeared to 
be a light black-colored layer. The light scales were found in the heat exchanger tubes in the 
vicinity of the cold-side air inlet port; therefore, it is expected that cooling this zone may have 
caused this deposition. Uniform air distribution of slight preheating of the air can help reduce this 
formation. A site port will be provided to assist further observations during the experiments.  
 
 The loose material found on the horizontal surface of the tube end could be easily removed 
with the help of low air suction created by a low-pressure vacuum cleaner. Figure 3.2-21c and d 
show the bare metal surfaces of the top end of the heat exchanger after vacuum cleaning was 
conducted. Visible deformation of the system was not seen in this section.  
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 Table 3.2-8 shows the 24-hr average temperature obtained for 2 days of steady operation. 
The time history–air temperature at different locations indicated in Table 3.2-8 is shown in  
Figure 3.2-22. The mean air temperature at the heat exchanger for the entire test run was 353°C, 
and on January 23 and 24, the temperatures were 352.8° and 374.5°C, respectively.  
 
 The entrained material in the spray was, therefore, negligible. During the experiment, we 
performed aerodynamic cleaning of the plenum ports and cyclone ports upstream and also 
determined the entrained material weight. It appeared that recovery was complete. The system has 
a provision of draining water from bottommost point of the first and second spray column water 
collection pots into a vessel. The residue is expected to settle at the bottom of this drain pot which 
can be allowed to flow out into a small discharge tank. 
 
 This arrangement helped in determining entrainment of PM. It was concluded that the 
periodic cyclone drain is critical. The cyclone dump was immediately drained during periodic 
rotation of the residue extraction auger or in case of sudden bed drop in order to determine particle 
entrainment. The cyclone proved very effective in developing an understanding of the physical 
processes occurring in the reacting bed. 
 
 

Table 3.2-8. 24-hr Average Temperature Obtained for 2 days of  
Steady Operation 

 
24-hr Average 

1-23-13 1-24-13 
Air Inlet – TC TIR 200 23.2°C 26.8°C 
Heat Exchanger Inlet – TC TIR 201 27.7°C 36.3°C 
Heat Exchanger Outlet – TC TIR 202 352.8°C 374.5°C 

 
 

 
 

Figure 3.2-22. Time history–temperature of hot (or syngas) and cold (or air) side of the heat 
exchanger. 
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Scrubber Operation 
 
 The scrubber system operated as desired since particulate carryover issues were avoided 
because of an effectively performing cyclone. The average syngas temperatures at the scrubber 
inlet and outlet and downstream of the syngas polisher are presented in Table 3.2-9. The average 
syngas temperatures at the scrubber inlet and outlet were 344.4° and 27.2°C, respectively. The 
average temperature downstream of the syngas polisher (or blower inlet) was about 23°C. The 
effective lowering of the temperature was an indication of optimal scrubber performance  
(Figure 3.2-23).  
 
 The addition of a water tank and ability of water changeover helped to maintain average 
water temperature at 26.9°C. The cyclone in the modified system eliminated issues of spray nozzle 
plugging as experienced with the older system. The buildup of solids on the cold surfaces of the 
water pipe was less extensive; however, such buildup can be avoided. The addition of a higher-
discharge-capacity pump improved scrubber reliability. An accidental water pump shutdown was 
found to have increased syngas outlet temperature up to 60°C. The syngas polisher, however, 
proved effective in maintaining gas temperature to about 30°C. Addition of an emergency pump 
is highly recommended to improve system redundancy in case of accidental shutdown. 
 

Blower Operation – Air Injection and Syngas Production Rate  
 
 The blower operated satisfactorily. Figure 3.2-24 shows time history vs. syngas and air 
profile. The spikes in the airflow rate measurement are owing to momentarily opening ports 
located at the gasifier upstream, causing the air to flow through the opened port. The fuel-feeding 
operation required temporary port opening, causing a fraction of airflow through this port instead 
of the main inlet on which the flow measurement device was installed.  
 
 The syngas production rate remained fairly constant over the entire period of operation. It 
was observed that low-frequency pulsating syngas combustion in the flare caused back-pressure 
fluctuations recorded as flow measurement fluctuations. This rapidly varying back pressure was 
sensed by the obstruction-type flow measurement device (orifice plate) located at the blower 
downstream. The reason for pulsating combustion was found to be due to partial blockage of the 
combustion air inlet port located on the flare. Table 3.2-10 shows estimated average values of the 
syngas flow rate determined by orifice plate flow measurement devices. 
 
 The air injected in the gasifier is the summation of air injected from Shell 2, called top air 
(flow rate measured by rotameter) and auxiliary or purge (flow rate determined by MFC [mass 
flow controller] 202 and MFC 203). The top air and the auxiliary airflow rate profiles are depicted 
 
 

Table 3.2-9. Average Syngas Temperatures at Different Scrubber Locations 
Measurement Locations Average Temperature, °C 
Scrubber Inlet 344.4 
Scrubber Outlet 27.2 
Syngas Polisher Outlet 22.9 
Average Water Temperature = 26.9°C 
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Figure 3.2-23. Time history vs. syngas temperature at the inlet and outlet of the water scrubber 
and syngas polisher (secondary water scrubber). 

 
 

 
 
Figure 3.2-24. Time history vs. air and syngas flow rate as determined with the help of an orifice 

plate. 
 
 

Table 3.2-10. Estimated Average Value of the Syngas Flow  
Rate Determined by Orifice Plate Flow Measurement Devices 
Period of Performance Average Flow Rate, acfm 
24-hr Average 1-23-13 32.39 

1-24-13 33.82 
1-22-13, 9:30 
1-25-13 13:31 

32.24 

 
 
in Figures 3.2-24 and 3.2-25, respectively. Table 3.2-11 shows the 24-hr average of the air injected 
into the gasifier during the entire long-duration test. 
 
 Since blower suction pulls the air into the gasifier, the increase in auxiliary/purge air will 
reduce its suction pressure from the top zone, resulting in lowering the top air injection rate. This 
balancing operation is critical to control various oxidation zone temperatures in the gasifier. The 
use of MFCs in these experiments was to have precise control of the air injection rate. 
 
 The impact of varying airflow rates as well their location for stable gasifier operation is 
planned for future tests.  
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Figure 3.2-25. Time history vs. auxilliary/purge airflow rate logged as MFC 202 and 203 
feedback. 

 
 
Table 3.2-11. 24-hr Average of the Air Injected into the Gasifier 

Period of Performance Top Air, acfm 
MFC 202, 

acfm Total, acfm 

Air 
Temperature 
TIR 200, °C 

24-hr Average 1-23-13 13.4 5.3 18.7 23.16 
1-24-13 12.4 5.6 18.0 26.8 

9:15 to 9:51 1-23-13 14.8 5.2 20.0 22.0 
19:15 to 20:51 1-24-13 14.8 5.9 20.7 23.14 

 
 

Syngas Composition 
 
 Figure 3.2-26 shows time history vs. syngas for the entire period of operation. Considering 
long-duration operation and checking and maintaining reliability of the syngas, provision of zero 
and span gas calibration was available. GA 301 was recalibrated on January 24, 2013. Three 
analyzers were used in order to provide additional redundancies and understand deficiencies if 
generated during long-duration operation. As previously shown in Table 3.2-6, the depicted H2 
readout on GA 301 showed to be about 2% lower for the same span gas immediately after its 
calibration. LGA 47 showed a HC concentration higher than LGA 35. Since the span gas did not 
contain HC, the verification of the calibration was not possible. The engineer in charge of the 
maintenance of analyzers recommended that an average value of HC concentration may be 
considered for the estimation of calorific value. The GA 301 syngas analyzer is dedicated to the 
system, while LGAs are shared. The discrepancies in measuring syngas composition could be 
determined.  
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Figure 3.2-26. Time history vs. syngas species concentration for the entire period of operation 
from GA 301 and LGA 35 and 47 online gas analyzers. 

 
 
 Syngas was sampled from the postscrubber clean side of the gasifier, downstream of the 
blower. Prior to measurement in the analyzer, the syngas was bubbled through a water column and 
a desiccant column to ensure removal of the residues of condensable organics. Typically, the water 
and the desiccant material (calcium chloride) are periodically changed to ensure clean syngas 
injection into the analyzers. After measurement, the syngas was vented out of the building. The 
severe winter conditions during the gasification test caused blockage of the vent line on LGA 47, 
causing overpressurization in the cell and temporary loss of the laser. Syngas composition from 
GA 301 and LGA 35 could be used only for a short period on January 22, 2013. The events can 
be seen in Figure 3.2-26. 
 
 Table 3.2-12 shows the higher and lower heating value used in calculating calorific value of 
the syngas produced during Test TLWS-2. The values of the gases were compared with those 
published in the IEA Bioenergy Agreement Task 20 report (IEA Bioenergy, 2015). 
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Table 3.2-12. Heating Value of the Syngas Species Considered in Calculating Calorific 
Value of Gas 
Name of Agency with Which 
Heating Values Are Compared  

Syngas 
Species HHV,a MJ/Nm3 LHV,b MJ/Nm3 

ECNc CO 12.626 12.626 
ECN H2 12.753 10.789 
ECN CH4 39.721 35.796 
Calculated/ECN CxHy 64.274 61.105 
a Higher heating value. 
b Lower heating value. 
c Energieonderzoek Centrum Nederland (Netherlands Energy Research Foundation). 

 
 
 With composition variations in the syngas considered, average syngas compositions were 
obtained for the 24-hr duration for the days of January 23 and 24, 2013, based on which syngas 
calorific value was obtained. Table 3.2-13 shows the syngas species concentration based on the 
above recommendation of averaging HC from LGAs. Also, the concentration values of H2 and 
CH4 shown in the table were obtained by LGA, owing to the low probability of cross-interference 
in measuring the concentrations of these species. The GA 300 has internal compensation for both 
of these gases; however, the measured low value of H2, as was determined during analyzer 
calibration, caused little concern in utilizing this number without manufacturer validation. 
 
 

Table 3.2-13. 24-hr Average of Syngas Species Concentration and Standard Deviation* 
 1-23-13, vol% 1-24-13, vol% 
 Average St. Dev. Average St. Dev. 
GA 301 CO  9.5 1.86 9.7 2.13 
GA 301 O2  1.4 0.63 1.5 0.52 
GA 301 CO2  15.5 1.15 15.7 1.1 
LGA 35 CH4  1.4 0.216 1.3 0.18 
LGA 35 H2  11.4 2.27 11.2 2.36 
LGA 35 HC  1.15 

1.97* 
0.26 1.16 

1.82* 
0.2 

LGA 47 HC 2.9 0.57 2.5 0.39 
HHV MJ/m3 4.5 4.3 
LHV MJ/m3 4.1 4.0 
Molecular Weight 27.4 27.5 
Gas Density (at 25°C) 1.1 1.1 
HHV, Btu/ft 120.2 116.5 
LHV, Btu/ft 110.9 107.6 
* HC value is average of LGA 35 and 47. 
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 Table 3.2-13 shows the calculated calorific value of the gases. The HC calorific value was 
determined based on the measured concentrations of C2H4, C2H6, C3H6, and C3H8 using an 
industrial online GC. The total HC concentration was determined by LGA. Figure 3.2-27 shows 
the concentration of four contributing species. The additional major trace species such as C2H2 
were not determined; however, they are assumed to have significant contribution in determining 
HC heating values and in accurately estimating syngas calorific value. 
 
 Table 3.2-14 shows average syngas composition and calculated calorific value, molecular 
weight, and densities of gases based on the measurement from three different online gas analyzers. 
 
 As can be seen, the average oxygen fraction obtained from the analyzers is greater than  
0.5%, owing to the leak in the system, in general. The cyclone pneumatic butterfly valve was found 
to have an incomplete closure issue, resulting in air leakage during the cyclone residue removal 
process from the residue dump. No correction in calculating syngas calorific value was applied. 
This correction is expected to slightly increase syngas heating value.  
 

Mass and Energy Balance 
 

Mass Balance 
 
 Table 3.2-15 shows the mass balance estimate for the TLWS-2 test. As can be seen, the 
TLWS injection considered is for 75 hr. The overall TLWS injection rate was estimated to be  
78.9 lb/hr, with an air injection rate of about 86.8 lb/hr. The data showed that the output was 
estimated by about 1.2% higher. Taking into consideration the mass of tar and trace gases such as 
ammonia, H2S, NH3 and, to some extent, CO2 and CO, the overestimation is expected to be higher 
than 1.2%. It is likely that the water generation rate is slightly overestimated as well. The 
underestimation on the input could be because of noninclusion of water in the air injected into the 
gasifier and the averaging of air injected into the gasifier. 
 
 

 
 

Figure 3.2-27. HC concentration in the TLWS syngas. 
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Table 3.2-14. 24-hr Average of Syngas Species Concentration as Determined by Three 
Different Analyzer Compositions and Calculated Calorific Value, Molecular Weight, and 
Density 

Analyzer/ 
Syngas Species 

24-hr Average  Calculated Values 
1-23-13, 

vol% 
1-24-13, 

vol%  1-23-13 1-24-13 
GA 301 CH4  1.12 0.63 HHV MJ/m3 4.1 3.9 
GA 301 CO  9.52 9.70 LHV MJ/m3 3.8 3.6 
GA 301 CO2  15.50 15.65 Molecular weight 28.0 27.9 
GA 301 H2  9.34 9.87 Gas density  

(at 25°C), kg/m3 
1.1 1.1 

GA 301 O2  1.43 1.55 HHV, Btu/ft 110.2 104.9 
*Average LGA-35-47 1.97 1.82 LHV, Btu/ft 102.3 97.3 
LGA 35 CH4  1.41 1.25    
LGA 35 CO  10.07 9.35 HHV, MJ/m3 4.1 3.9 
LGA 35 CO2  16.15 15.40 LHV, MJ/m3 3.7 3.6 
LGA 35 H2  11.44 11.20 Molecular weight 27.4 27.4 
LGA 35 H2O  0.72 0.90 Gas density  

(at 25°C), kg/m3 
1.1 1.1 

LGA 35 H2S  0.02* 0.02* HHV, Btu/ft 108.8 105.3 
LGA 35 HC  1.16 1.15 LHV, Btu/ft 100.2 96.8 
LGA 35 N2  59.03 60.73    
LGA 47 RT CH4  1.51 1.35    
LGA 47 RT CO  7.69 8.88 HHV, MJ/m3 4.6 4.6 
LGA 47 RT CO2  17.80 15.78 LHV, MJ/m3 4.2 4.3 
LGA 47 RT H2  12.06 10.79 Molecular weight 27.5 27.5 
LGA 47 RT H2O  0.81 0.87 Gas density  

(at 25°C), kg/m3 
1.1 1.1 

LGA 47 RT HC  2.48 2.78 HHV, Btu/ft 123.9 124.0 
LGA 47 RT N2  57.21 58.25 LHV, Btu/ft 113.9 114.7 
LGA 47 RT O2  0.44 1.29    
* H2S calorific value is not considered in the calculation. 
 
 
 As can be seen, the TLWS injection considered is for 75 hr. The overall TLWS injection 
rate was estimated to be 78.9 lb/hr, with an air injection rate of about 86.8 lb/hr. The air-to-TLWS 
ratio is 1.1, while the ratio of syngas rate to TLWS injection rate was estimated to be 1.71.  
 
 Based on the mass balance, the equivalence ratio (ER) (defined as the ratio of actual 
oxidizer/fuel [o/f] to the stoichiometric o/f) was found to be about 0.3. In this estimation, the 4.1% 
unconverted organic fraction found in the gasifier residue is not included. Because of the heat 
losses in the gasifier, the gas composition was not near equilibrium.  
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Table 3.2-15. Mass Balance for TLWS-2 Test 
Average Room Temperature 25 kg/m3         
Pressure 736 mmHg      
Air Density (25°C) 1.14 kg/m3      
Gas Density (25°C) 1.12 kg/m3         
Considered Hours of Operation 75 hr   
 Injection/Removal Rate 

  
Input 
Solids Output Solids 

Input 
Solids Output Solids 

  
TLWS, 

lb/hr 

Bottom 
Char, 
lb/hr 

Cyclone 
Char, 
lb/hr 

TLWS, 
lb/hr 

Bottom 
Char, 
lb/hr 

Cyclone 
Char, 
lb/hr 

Total Weight of Solids, lb 5918 406 372.3 78.91 5.41 4.96 
Dry TLWS 4144.3 402.8 369.2 55.26 5.37 4.92 
Organics 3517.5 24.2 121.5 46.90 0.32 1.62 
Ash 626.8 378.6 247.7 8.36 5.05 3.30 
Water Input 1773.7 3.2 3.1 23.65 0.04 0.04 
Average Feed Moisture 30.0% 0.8% 0.8% 30.0% 0.8% 0.8% 
LOI 84.9% 6.0% 32.9% 84.9% 6.0% 32.9% 
Air Injection Rate  20.7 acfm     
  34.5 m3/hr     
  86.8 lb/hr     
Syngas Production Rate  32.2 Acfm     
  54.8 m3/hr     
  135.2 lb/hr     
Estimated Water Production Rate 22.04 lb/hr     
  10 kg/hr     
Bottom Residue 5.41 lb/hr     
Cyclone Char 4.96 lb/hr     
Input 165.7 lb/hr     
Material Balance Solids Air Syngas Water Solids Total 
Input, lb/hr 78.91 86.8 NA NA NA 165.7 
Output, lb/hr 10.38 NA 135.2 22.04 10.38 167.6 
 
 

Energy Balance 
 
 Figure 3.2-28 shows preliminary mass and energy balances estimated for TLWS-2. Because 
of discrepancies in the composition in measurement obtained by three independent analyzers, two 
cases were considered. Case 1 used the heating value of the syngas determined based on combined 
values of all three analyzers as shown in Table 3.2-13. As described earlier, the syngas species 
concentration based on the recommendation of averaging HC from LGAs and values of H2 and  
CH4 also from LGAs were considered. Since the HC values contribute to the syngas calorific 
values, discussion was held to interpret the HC values from LGAs. The possibilities of cross-  
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Figure 3.2-28. General schematic of the test setup depicting mass and energy balance.  
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interference, particularly in the mixture of HC, cannot be eliminated. It becomes critical to 
determine the concentration of every HC species with the help of an online GC. Case 2 is based 
on the composition obtained in the case of single analyzers as shown in Table 3.2-14.  
 
 As can be seen in Figure 3.2-28, heat loss from the gasifier for Cases 1 and 2 are 25.1 and  
31.2 kWth, respectively. These values are based on the difference in the thermal input calculated 
based on the heating value of the TLWS calorific value as presented in Table 3.2-1 and the thermal 
output determined in the syngas, bottom char, cyclone char, and scrubber heat duty. The Aspen 
model was utilized to obtain the heat exchanger and scrubber heat duty based on the equilibrium 
composition of syngas predicted by the model at the observed average gasifier operating 
temperature (540°C, 24-hr average on January 23, 2013). Since the syngas composition values of 
the model did not represent exact values observed from the gasifier, only the heat duty data and 
mass balances were verified with the model.  
 
 The cold gasification efficiency shown in Figure 3.2-28 is based on the HHV of the syngas 
for the above-mentioned Cases 1 and 2 and fuel heating value determined on an as-received basis. 
These values were 63.3% and 57.7%, respectively, for Cases 1 and 2. The losses in the unconverted 
carbon discharged from the cyclone and bottom char were not considered in the calculations. In 
the commercial system, the entrained char is typically converted to syngas which would increase 
gasifier efficiency. However, the current test being preliminary and the process not optimized, the 
goal of future tests would be to operate the gasifier to attain higher conversion efficiency. This 
would require gasifier operation at conditions that would create higher bed temperatures. The 
syngas calorific value is also expected to increase with such a change in gasifier operating 
conditions.  
 

Tar and PM – Low-Temperature Operation 
 
 Tar and particulate sampling is typically conducted during steady-state operation of the 
gasifier once the desired operating conditions have been achieved. The tar and particulate analysis 
presented in this section was conducted during a span of low temperatures in the gasifier sections 
in order to understand the impact of such conditions on worst-case tar loading in the syngas. 
Excessive operation of the residue extraction auger at 14:52 on January 24, 2013, caused a 
significant bed temperature drop. The gasifier was allowed to recover the impact of bed movement 
while maintaining regular auger operation. Tar speciation was conducted to obtain the impact of 
the auger operation on bed temperature to obtain a qualitative assessment. The lack of adequate 
bed temperature and migration of the ED zone in the midlevel gasifier zone (Shells 3 and 4) was 
expected to significantly increase the tar level. Tar speciation was conducted to obtain the impact 
of the auger operation on bed temperature to obtain a qualitative assessment. The lack of adequate 
bed temperature was expected to significantly increase the tar level. Figure 3.2-29 shows time 
history vs. temperature of the bed temperature at the time of tar and particulate sampling.  
Table 3.2-16 shows identified compounds and their individual species fractions of total tar in the 
hot or raw syngas. Since the TL is among high-nitrogen-containing feedstock, the impact the 
pyrrole is among the high fraction tar species besides benxene and toluene. It is likely that the 
unidentified fraction includes mainly N- and O-containing heterocyclic HCs and some other 
aromatics. This worst-case tar concentration in hot or prescrubber syngas at the gasifier exit was  
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Figure 3.2-29. Time history vs. temperature of the bed temperature at the time of tar and 
particulate sampling. 
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Table 3.2-16. Organic Species Concentration in  
the Tar and Condensed Water Sampled from  
the Hot Syngas 
Compound   
Methanol 2.46% 
Benzene 14.42% 
Thiophene 0.44% 
Toluene 14.17% 
Pyrrole 9.75% 
Styrene 2.67% 
Methyl Styrenes 2.67% 
Indane 1.21% 
Phenol 0.23% 
o-m,p-Cresols 0.20% 
Naphthalene 2.48% 
2-Methylnaphthalene 0.86% 
1-Methylnaphthalene 1.17% 
Biphenyl 1.34% 
Acenaphthylene 0.27% 
Fluorene 0.48% 
Phenanthrene 0.23% 
Anthracene 0.25% 
C3 Naphthalenes 3.82% 
Unidentified 40.89% 

 
 
found to be 5 g/m3. A previous study reported under DOE Task 2.2 that production of syngas with 
tar concentration was less than 0.1 g/m3 when a uniform temperature profile in the gasifier is 
maintained. The innovative gasifier design has thus demonstrated production of low-tar syngas. 
Further experiments are recommended as precommercial demonstration testing. 
 

Particle-Size Distribution  
 
 Figure 3.2-30a shows bottom char after cooling. Figure 3.2-30b shows a closer view of the 
bottom char and friable clinker or agglomerate. Sieve analysis was conducted on the material 
sampled from the barrel containing residue extracted during the experiment. In order to obtain a 
representative sample, both bottom char and cyclone residue were first mixed and then carefully 
extracted into a plastic container during a slow transfer operation performed by an EERC operator, 
as depicted in Figure 3.2-30c. 
 
 Table 3.2-17 shows the weight fractions of bottom residue and cyclone char collected in 
different sizes of sieves. The sieve number ranged from Sieve 4 to 400. As shown in the table, the 
weight fractions of the particles of the size smaller than or equal to 1000 µm are 72% and 78%,  
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Figure 30. Photographs depicting a) bottom char, b) closer view of the bottom char and clinker or 
agglomerate, and c) an operator assisting with residue mixing and sampling for bottom residue to 

perform sieve analysis. 
 
 
respectively, for the bottom char and cyclone residue. Also, about 1.73% and about 4.1% of the 
material passed through the smallest sieve opening used in the analysis. The results of these 
analyses are shown in Figure 3.2-31 as a plot of the weight fraction vs. the sieve opening on a 
logarithmic x-axis. 
 
 
GENERAL CONCLUSIONS AND REMARKS 
 
 Test TLWS-2 helped in understanding and implementing the prerequisites of maintaining 
bed movement in order to prevent or minimize clinker formation in the gasifier. 
 
 The onset of slagging occurs earlier in TLWS-2012 as compared to that for TLWS-2009; 
however, the Ca and Si reduction contributed to minimizing clinker formation to a greater extent. 
This shows the possibility of operating the gasifier at a slightly elevated temperature, particularly 
in the upper gasifier section.  
 
 The clinker found in the OX-2 zone air injection ports was an indication of localized high 
temperature. It appears that good air distribution is required in this zone.  
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Table 3.2-17. Weight Fractions of Bottom Residue and Cyclone Char Collected in 
Different Sizes of the Sieves 

Bottom Residue  Cyclone Char 
Sieve 
Opening, 
µm wt%  

Sieve 
Opening, 

µm wt%  

Sieve 
Opening, 

µm wt%  

Sieve 
Opening, 

µm wt% 
>6680 4.65  210 3.07  ≥4760 4.19  210 9.30 
4760 2.92  177 2.77  3360 2.25  177 3.24 
3360 3.14  149 3.24  2380 2.99  149 3.71 
2380 3.93  125 3.05  2000 1.91  125 3.47 
2000 2.59  105 1.89  1680 2.60  105 2.35 
1680 2.07  88 1.90  1410 3.85  74 4.20 
1410 4.39  74 1.64  1190 4.25  63 2.24 
1190 4.52  63 2.21  1000 3.82  53 1.68 
1000 5.44  53 2.36  840 7.60  44 1.47 
840 5.50  44 1.98  590 9.06  37 1.50 
590 11.2  37 1.10  420 9.90  <37 4.06 
420 9.46  <37 1.73  300 10.35  ≤1000 77.95 
300 8.82  ≤1000 71.78       
250 4.35        

 
 

 
 

Figure 31. Plot of the sieve opening vs. weight fraction. 
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 Thermal analysis indicated that TLWS is among the list of low-thermal-stability organic 
materials such as HCs and unlike woody biomass. Such a fuel under gasifier operating conditions 
of rapid heating can generate a relatively large flux of volatile material, posing challenges 
associated with tar generation.  
 
 Maintaining char bed or carbon inventory is critical for maintaining consistent bed 
temperature and effective conversion of organics in the hot bed.  
 
 Based on the bottom residue and cyclone particle-size weight distribution study (conducted 
during TLWS-2), it is understood that the reacting bed consists of a large fraction of fine particles. 
Such a bed can offer very erratic movement as observed by rapid temperature variations, 
particularly when disturbed vigorously. 
 
 Bed movement is required; however, controlled bed movement is even more critical. 
 
 The fraction of entrained cyclone char can be minimized by reduction of excessive bed 
movement caused either by auger movement and/or by the higher gas velocities in the bed.  
 
 Fuel preparation and handling may have a minor impact on gasification; however, there was 
no clear evidence of any issues.  
 
 The reactor preheating in the TLWS-2 test was adequate for reducing transition time. The 
experiments, however, proved that the fuel can achieve self-sustained gasification. 
 
 It is understood that bed loss and posttransition bed recovery create excessive tar in the 
syngas. The tar speciation showed uncracked organic compounds.  
 
 The heat exchanger hot-side tube showed deposition on the upper section of the tubes facing 
cold air injection. The remainder of the tube had luster on the inside surface, indicating low 
deposition.  
 
 The preliminary water treatment study revealed the possibility of utilizing char in removing 
organics from scrubber water. This study is consistent with an earlier lab study.  
 
 The use of multiple analyzers showed minor variations in syngas composition for the same 
gas; however, the analyzers followed a general trend. At least two well-calibrated analyzers are 
required to avoid discrepancies in composition measurement. The quasi-online GC will be utilized 
to identify HC components. 
 
 The operation of cyclone and scrubber systems was satisfactory. Both systems worked well 
during transition and steady-state operation.  
 
 The mass balance showed was less than 2% overestimated. The energy balance showed the 
impact of syngas composition. Cold gasification efficiency was estimated to be 63.3% and 57.7%, 
respectively, for combined analyzer results (Case 1) and for individual analyzers GA 300 and LGA 
35 (Case 2). LGA 47 was not considered because of expected overestimation of HC concentration.  
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 A particle-size study conducted on bottom residue and cyclone residue showed that about 
71.8% and 78.0% particles were smaller than 1000 µm for bottom residue and cyclone char, 
respectively. 
 
 Operators and engineers were trained and familiarized to work with the new system as well 
as the challenging fuel. The level of adaptation was quite fast.  
 
 
POTENTIAL FUTURE WORK 
 
 Future goals include increasing bed temperature and stabilizing peak temperatures in the 
upper zone of Shell 3 by adjusting the air injection rates in the upper and lower zones.  
 
 The fuel would be homogenized in a closed tumbler so that the minor bridging issue 
observed in the vertical hopper can be avoided. The reliability of material flow is critical in a fast-
moving gasifier bed: 
 

• Achieve accurate bed movement schedule. 
 
• Understand methods of minimizing weight fraction of bed entrainment.  
 
• Understand the impact of entrained bed material utilization to improve bed temperature.  
 
• Minimize or avoid clinker formation in the OX-2 zone.  
 
• Improve gas composition, and determine methods of improving gasification efficiencies. 
 
• Develop a better understanding of gasifier heat losses, and develop and test strategies of 

minimizing losses that may include addition of injected cyclone residue. 
 
• Higher-temperature operation will be an important requisite for improving syngas 

composition.  
 
• Conduct extended-duration tests under optimized gasifier operating conditions with 

inclusion of minor modifications to the existing system. 
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SUBTASK 4.1 – PROJECT MANAGEMENT 
 
 
 Duties within this subtask included the day-to-day management necessary to make the 
project successful for the U.S. Department of Energy (DOE) in general and, in particular, for the 
Energy Efficiency and Renewable Energy Biomass Program. Project application documents and 
budgets were processed in a timely fashion as well as all quarterly, final topical, hazardous 
substance, milestone, and annual operating plan reports. In addition, all financial information 
requested by DOE was provided according to DOE specifications and formats. Periodic review 
meetings were held with all principal investigators in charge of specific technical activities to 
ensure that progress was being made and project objectives were being fulfilled. 
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SUBTASK 4.2 – STRATEGIC STUDIES 
 
 
 Strategic studies activities included attending meetings to discuss future directions for 
thermochemical and other processes for biomass conversion and relationship-building with 
biomass academics, resource providers, equipment manufacturers, and organizations interested in 
implementing bioenergy or bioproduct projects. Short articles and papers were written on specific 
topics of renewable fuels and biomass utilization for internal purposes and for trade journal 
articles. Forward planning for cutting-edge biomass utilization research in accordance with the 
U.S Department of Energy (DOE) plans and objectives was conducted.  
 
 Specific conferences and meetings attended included a presentation at “Let’s Do Energy” II 
– Commercializing Biomass Energy, Kennedy, Minnesota; the International Fuel Ethanol 
Workshop, Minneapolis, Minnesota; the Minnesota Corn Research Expo 2013, Mankato, 
Minnesota; a presentation at the Renewable Fertilizer Conference, Morris, Minnesota, 
July 10, 2013; the National Advanced Biofuels Conference and Expo, Minneapolis, Minnesota, 
October 3–14, 2014; a DOE Biomass Review, Denver, Colorado; the International Biomass 
Conference, St. Louis, Missouri; the International Fuel Ethanol Workshop, Minneapolis, 
Minnesota; Biomass 2012: Confronting Challenges, Creating Opportunities, Washington, D.C.; 
client visits with Lanza Tech and Earth Care Products, Atlanta, Georgia, October 9–11, 2012; a 
meeting with the Blue Flint Ethanol Plant, Underwood, North Dakota; the Renewable Fuel 
Association 19th Annual Ethanol Conference, Orlando, Florida; the Bio-Oil Co-Processing: 
Expanding the Refinery Supply System Workshop, New Orleans, Louisiana, April 3, 2014; a 
presentation at the 4th Annual Biomass Workshop, Brandon, Manitoba, Canada; a North Dakota 
Industrial Commission proposal review meeting, Bismarck, North Dakota; the ISO/TC 238 
Biofuels 2012 meeting, Stockholm, Sweden, May 7–10, 2012; the 8th Annual NH3 Fuel 
Conference, Portland, Oregon, September 18–21, 2011; the Renewable Energy World Conference 
& Expo, Tampa, Florida, March 8–11, 2011; the Rural Developers Roundtable Talk, Mandan, 
North Dakota, July 19, 2011; the Research Corridor Bio-Industry Summit, Fargo, North Dakota; 
the North Dakota Alliance of Renewable Energy Membership meeting, Jamestown, North Dakota; 
and the North Dakota Alliance for Renewable Energy Solar Workshop, Mandan, North Dakota. 
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TASK 5-10: FUELS OF THE FUTURE RESEARCH DEVELOPMENT LABORATORY 
 
 
 The success of new fuel forms within energy markets requires both the development of 
lower-cost and more effective technologies and also their integration into a total system that 
provides substantial economic and environmental benefits. The success of biofuels and bioenergy 
technology development will require that components be tested in a variety of configurations to 
determine their optimal design and application. The Energy & Environmental Research Center 
(EERC) currently uses the state-of-the-art National Center for Hydrogen Technology® (NCHT®) 
building for testing hydrogen technologies, including biomass gasification, reforming of biofuels, 
and syngas separation and purification as well as other experimental research activities.  
 
 The 15,000 ft2 NCHT facility is now completely utilized, and additional space was required 
to allow expansion of this testing capability for development of fuels of the future. The Fuels of 
the Future building addition was designed to focus on conversion of biomass and biofuel 
feedstocks, purification of the by-products, synthetic fuels production, and tailoring the various 
products to maximize their applicability for various markets. The EERC proposed to construct the 
new Fuels of the Future building as an addition to the pilot-scale and laboratory testing space of 
the existing NCHT building, effectively sharing utilities and other existing infrastructure. The 
building addition is now complete and provides laboratory space to allow initial investigation and 
development of promising technologies as well as a pilot-scale area to allow pilot-scale testing of 
these technologies at the various stages of scale-up and system integration. Approximately 70 feet 
of height is required for building and testing various experimental and novel reactors and product 
separation and purification systems. This subtask involved: 
 

• Preparing rough drawings of the building addition and getting qualified bids from 
architects and contractors. 

 
• Obtaining all permissions and permits from university and local officials. 

 
• Selecting architects and contractors using a bidding process.  

 
• Deciding on technical and logistical infrastructure in cooperation with architects and 

contractors so that the addition allows for efficient, safe, and environmentally sound 
operation of technology systems and instrumentation that will be used for laboratory and 
pilot-scale research and development testing in renewable fuels and energy.  

 
• Completing and punch-listing the building addition. 

 
 The building is now complete and has passed all required inspections and building codes. 
The building has already been utilized to house a novel 50-ft-tall reactor for conversion of biomass 
to liquid fuels and will continue to provide space for additional projects in the future. 
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TASK 6-10: EDUCATIONAL ACTIVITIES AND OUTREACH 
 
 
 Educational elements of this task included developing presentations and, in some cases, 
exhibit booth displays for various international and regional conferences in order to disseminate 
information on technologies and breakthroughs being accomplished in the project. The Energy & 
Environmental Research Center (EERC) hosted a regional 2-day workshop with presentations 
from scientists, engineers, and project managers to talk primarily about technical breakthroughs in 
developing energy, fuels, and chemicals from biomass. The workshop was designed very simply, 
with a single stream of presentations so all attendees heard the same papers presented. Ample 
breaks and networking opportunities were provided through lunch, a reception and, especially, an 
exhibit forum.  
 
 In addition to organizing the technical sessions and speakers, the EERC put together 
conference registration forms, printed marketing materials, developed an informational Web site, 
and conducted the event. The event covered topics such as biomass resources, processing cellulosic 
ethanol production, cellulosic green diesel, hydrocarbon fuel production, biopower opportunities 
and demonstrations, and biorefinery chemicals and products. The Biomass ’11: Renewable Power, 
Fuels, and Chemicals Workshop attracted over 262 registrants from 28 states and four Canadian 
provinces. Other countries represented included the Netherlands, New Zealand, and Spain.  
 
 This was the ninth annual biomass workshop of its kind, focused on the production of 
renewable energy, fuels, and chemicals from biomass feedstocks. The 2-day event kicked off at 
the Alerus Center in Grand Forks, North Dakota.  
 
 The 2-day technical program included comprehensive educational sessions on topics 
including trends and opportunities in utilizing biomass; biomass feedstocks; biofuels; and using 
biomass for creating chemicals, heat, and power. North Dakota Governor Jack Dalrymple gave the 
keynote address, and U.S. Senator John Hoeven provided video comments. 
 
 Sponsors of the Biomass ’11 Workshop included the U.S. Department of Energy (DOE) 
through the EERC’s Centers for Renewable Energy and Biomass Utilization; Signature Sponsor 
the North Dakota Department of Commerce Division of Community Services State Energy 
Program; Partnering Sponsors Albemarle Corporation and Fredrikson & Byron; Luncheon 
Sponsor Otter Tail Power Company; Accessory Sponsor Xcel Energy; Internet Café Sponsor 
Grand Forks Region Economic Development Corporation, and Principal Media Sponsor BBI 
International. 
 
 The biomass conference venue provided a productive means for DOE to showcase the 
impact of its research funds and provide growth opportunities in real-world biomass technologies. 
Information and results generated by this project were presented to other researchers and industry 
peers. The conference/workshop venue also provided opportunities for networking among a wide 
demographic, including researchers, commercialization entities, government workers, developers, 
and the general public so as to further the cause of innovative research that can lead to real-world 
applications of biomass. The EERC presented several papers at this event and other conferences 
and peer review events. 
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