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EXECUTIVE SUMMARY

Fuel cells are promoted by the US government as a viable alternative for clean and efficient energy
generation. It isanticipated that the fuel cell market will rise if the key technical barriers can be
overcome. One of themis certainly fuel processing and purification. Existing fuel reforming processes
are energy intensive, extremely complicated and capita intensive; these disadvantages handicap the scale-
down of existing reforming process, targeting distributed or on-board/stationary hydrogen production
applications. Our project involves the bench-scale demonstration of a high-efficiency low-temperature
steam reforming process. Hydrogen production can be operated at 350 to 400°C with our invention, as
opposed to >800°C of existing reforming. In addition, our proposed process improves the start-up
deficiency of conventional reforming due to its low temperature operation.

The objective of this project is to demonstrate the invented process concept via a bench scale unit and
verify mathematical simulation for future process optimization study. Under this project, we have
performed the experimental work to determine the adsorption isotherm, reaction kinetics, and membrane
permeances required to perform the process simulation based upon the mathematical model developed by
us. A ceramic membrane coated with palladium thin film fabricated by us was employed in this study.
The adsorption isotherm for a selected hydrotal cite adsorbent was determined experimentally. Further,
the capacity loss under cyclic adsorption/desorption was confirmed to be negligible.  Finally a
commercia steam reforming catalyst was used to produce the reaction kinetic parameters required for the
proposed operating condition. With these input parameters, a mathematical simulation was performed to
predict the performance of the invented process. According to our smulation, our invented hybrid
process can deliver 35 to 55% methane conversion, in comparison with the 12 and 18-21% conversion of
the packed bed and an adsorptive reactor respectively. In addition CO contamination with <10 to 120
ppm is predicted for the invented process depending upon the cycle time for the PSA type operation. In
comparison, the adsorption reactor can aso deliver asimilar CO contaminant at the low end; however, its
high end reaches as high as 300 ppm based upon the simulation of our proposed operating condition. Our
experimenta results for the packed bed and the membrane reactor deliver 12 and 18% conversion at
400°C, approaching the conversion by the mathematical smulation. Due to the time constraint, the
experimental study on the conversion of the invented process has not been complete. However, our in-
house study using a similar process concept for the water gas shift reaction has demonstrated the
reliability of our mathematical smulation for the invented process. In summary, we are confident that the
invented process can deliver efficiently high purity hydrogen at alow temperature (~400°C).

According to our projection, the invented process can further achieve 5% energy savings and ~50%
capital savings over conventional reforming for fuel cell applications. The pollution abatement potential
associated with the implementation of fuel cdls, including the elimination of nitrogen oxides and CO, and
the reduction in volatile organics and CO,, can thus be realized with the implementation of this invented
process. The projected total market size for equipment sale for the proposed processin USis $1.5 billion
annudly.
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1. Introduction

Transportation accounts for 2/3 of the 20 million barrels of oil consumed each day in the US.
The US currently imports 55% of the petroleum used. In response to the energy security
concerns posed by reliance on foreign sources, as well as concerns about regional air pollution
and greenhouse gas emissions, the U.S. DOE has initiated a number of programs to develop
technologies that offer improved energy efficiency and that produce and utilize energy from
diverse domestic and renewable sources. In the 2003 State of the Union Address, President Bush
reaffirmed the Nation’s commitment to energy independence and an improved environment by
proposing $1.2 hillion in research funding for hydrogen and fuel cell technologies over the next
five years. Subsequently, the President proposed a Hydrogen Fuel Initiative that complements
FreedomCAR to develop both a hydrogen infrastructure for the low-cost production of hydrogen
and advanced hydrogen fuel cell vehicles. Our invented process offers an energy efficient and
economically attractive solution to produce hydrogen for these target applications.

2. Technical Summary

Our project involves the bench-scale demonstration of a high-efficiency low-temperature steam
reforming process. Hydrogen production can be operated at 350 to 400°C with our invention, as
opposed to >800°C of existing reforming. We have performed the experimental work to
determine the adsorption isotherm, reaction kinetics, and membrane permeances required to
perform the process simulation based upon the mathematical model developed by us. Ceramic
Membrane deposited with Pd thin prepared by us was found suitable for proposed application
environment. In addition, its permeance and selectivity were found adequate for the invented
process. Its permeance for hydrogen at 450C is about 10 n/mé/hr/bar®®. The selectivity is
about 100 for hydrogen over CO, CO», and N, (a subgtitute for methane) based upon the single
component permeance measurement. The permeances for CO, CO, and N are believed to be
resulted from defects of the membrane/leaks of the module because Knudsen diffusion trends
were followed for these components. Hydrotalcite prepared by us was found adequate for the
adsorption of CO; for the invented process. The adsorption isotherm for the selected hydrotalcite
adsorbent was determined experimentally at 400 and 450°C and up to 6 bar. The capacity in the
neighborhood of 0.3 mmol/g at 1 bar and >4 mmol/g at 6 bar. A Freundlich adsorptionisotherm
was applied to describe well the CO, uptake vs pressure. Further, the capacity loss under cyclic
adsorption/desorption was confirmed very insignificant, i.e., <5% loss after the 1% cycle and
negligible for >1% cycle. Finally acommercial steamreforming catalyst was used to generate the
reaction kinetic parameters required for the proposed operating condition at 350 and 400°C.
Although the reaction temperature is low and no literature data is available, we were able to
reach the thermodynamic conversion in a packed bed under the proposed operating condition.
Thisimplies that the reaction kinetics with the commercial catalyst at this extremely low
temperature is adequate for the invented process. The parameters obtained experimentally were
used for the mathematical simulation of the proposed process.

According to our simulation with the input parameters obtained experimentally above, our
invented hybrid process can deliver 35 to 55% methane conversion, in comparison with the 12
and 18-21% conversion of the packed bed and an adsorptive reactor respectively. In addition CO
contamination with <10 to 120 ppm is predicted for the invented process depending upon the
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cycle time for the PSA type operation. In comparison, the adsorption reactor can aso deliver a
similar CO contaminant at the low end; however, its CO contamination at the high end reaches
as high as 300 ppm based upon the simulation of our proposed operating condition. Our
experimental results for the packed bed and the membrane reactor deliver 12 and 18%
conversion respectively at 400°C, approaching the conversion by the mathematical simulation.
Due to the time constraint, the experimental study on the conversion of the invented process has
not been complete. However, our in-house study using a similar process concept for the water
gas shift reaction has demonstrated the reliability of our mathematical simulation for the
invented process. In summary, we are confident that the invented process can deliver efficiently
high purity hydrogen at a low temperature (~400°C).

According to our projection, the invented process can achieve 5% energy savings and ~50%
capital savings over conventional reforming for fuel cell applications. The pollution abatement
potential associated with the implementation of fuel cells, including the elimination of nitrogen
oxides and CO, and the reduction in volatile organics and CO», can thus be realized with the
implementation of this invented process.

3. Description of | nvented Process

Our project involves the bench scale demonstration of an innovative process concept: a high-
efficiency, low-temperature reactor for steam reforming, targeting distributed/stationary/on
board hydrogen production. Hydrogen production can be operated at 350 to 400°C with our
invention, as opposed to >800°C of existing reforming. EXxisting processes are (i) energy
intensive due to the requirement of steam (as a reactant) supply at this high temperature, (ii)
complicated due to the requirement of water-gas-shift reaction and CO-polishing post reforming,
and (iii) capital intensive due to the requirement of special metallurgical aloys for this harsh
operating condition. These disadvantages handicap the scale-down of existing reforming process
for distributed or on-board/stationary hydrogen production applications. The essence of our
proposed process is the employment of a unique adsorption (A)- and membrane (M)-enhanced
reformer developed by us (see process scheme below), which can preferentially allow H,
permesation and CO, adsorptionsimultaneously, the two final reaction products from steam
reforming. Thus, the reformer can produce hydrogen product continuously until the adsorbent is
saturated for regeneration via pressure swing (PSA). This unique reactor configuration, having
only one product stream, can be viewed as a smplified, but upgraded, membrane reactor (MR)
under pressure swing operation, suitable for scaled-down steam reforming process. MR and AR
proposed in the literature allow only one of the reaction products, such as hydrogen, or CO»,
removal; their reaction rate is not enhanced sufficiently to achieve significant reforming at this
low temperature as discussed in Sec. 5.
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Hydrogen Production via Steam Reforming with Membrane- and
Adsorption-Enhanced Reactor at Low Temperature (350 to 400C)

According to our simulation, hydrocarbon conversion with this proposed process concept could
be quadrupled over the thermodynamic conversion level; thus, efficient reforming can be
accomplished at this low temperature range (see Sec. 5 for details). The hydrogen product
stream with ~92% purity (balance is CH,) isready as feedstock for fuel cell applications. This
product, if desired, can be further enriched to >99% hydrogen with <1 ppm CO with adown
stream hydrogen separator using the same type of the hydrogen selective membrane as indicated
in the above process scheme.

4. Benchmarking with Existing and Emer ging Processes

] Comparison with Existing Steam Methane Reforming
The key reactions of the steam methane reforming (SMR) process are listed below:

CHs +H,O = CO+ 3H, ?H295 = 206 kJ/mol Eq. 1
CH4 + 2H,O = COs +4 H, ?Ho95 = 165 kJmol Eq. 2
CO+H,O = CO, + Hy ?H29g = -41 kJ/mol Eq. 3

Eg. 1 and 2 are highly exothermic. Their forward reactions are favored by high temperature. The
water-gas shift reaction, eq. 3, is moderately endothermic, favored by low temperature. To
produce a hydrogen stream efficiently (favored by high temperature) with alow level of CO
(favored by low temperature) for fuel cell applications, evidently a dilemma exists with existing
SMR process. Existing industrial
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Hydrogen production via SMR is generally operated at 800 to 900°C to achieve a high level of
conversion, ~70% using H,O/CH, 4 to 6. In addition to the high temperature, post treatment
including WGS, hydrogen separator and CO polishing are required to meet fuel cell spec as
described in the process scheme above.

In comparison, our proposed reformer can reduce the reaction temperature to =400°C, without
sacrificing the CH,4 conversion. Our proposed process offers the advantages below:

No water-gas-shift (WGS) reactor is required. WGS is integrated in our proposed SMR
reactor.

No post treatment for CO cleanup is necessary. CO level is expected to meet the spec with
the low temperature reforming and H, & CO, remova in-situ.

All heating and cooling requirements involve the temperature range of up to 400 vs >800°C
of existing reforming.

The low reactor temperature, = 400°C, offers a tremendous advantage (as opposed to the
800°C of existing's) with regard to quick start- up required for the mobile application [9].
The process is ultra-compact, comprising of simplified membrane reactors, ore heat
exchanger, and one steam generator/boiler. Down stream hydrogen enrichment, if desired,
can be achieved by a simplified treatment train comprising one membrane separator using the
same type of the hydrogen selective membrane, and one compressor.

Finally, to overcome the heat supply at >>800°C required by conventional SMR, a modified
version, autothermal reforming (ATR) combining partial oxidation and steam reforming, has
been actively pursued for the mobile application due to its improvement in start-up. However,
ATRisintrinsically energy inefficient and is complex to design and operate. Our proposed
process improves the start-up deficiency of conventional reforming due its low temperature
operation while enhancing the energy efficiency and capital cost of the conventional reforming.

Two emerging technologies have been actively pursued presently to improve the SMR process
for distributed/on-board hydrogen production. They are discussed below:

a Comparison with Emerging Technology: Adsor ptive Reactor for SMR

Incorporating a selective CO, adsorbent in a conventional packed bed SMR reactor (i.e., using a
mixed bed of the catalyst and the adsorbent), the conversion of CH,; to CO; through Eq. 2 is
favored, asis the production of CO» through CO intermediate via Eq. 3. According to the
literature, this adsorptive reactor (AR) operated at a moderate temperature of 450°C allows direct
production of ~90% hydrogen (at ~60-70% conversion) from the reactor at the reactor pressure.
The impurities in the hydrogen product consist primarily of methane (<10 mol%) and trace

4
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guantities (<50 ppm level) of carbon oxides. The chemisorption is periodically regenerated by
PSA operation. In comparison, ~25% conversion is delivered in a conventional SMR reactor
under this operating condition. Although the improvement viathe CO, remova inan AR is
significant, an extremely high degree of CO, removal isrequired. According to the calculation
using a batch SMR reactor, ~99.7% CO, removal is required in order to deliver the stream with
the above quality. As aresult, the operation time of the AR has to be shortened to keep the
effluent concentration of CO at alow level. Thus, the hydrogen productivity from AR is low;
the fraction of unused bed for adsorption is extremely high, e.g., 0.8 asdescribed in Ref. 5. In
summary, the AR concept is sound in reducing the reaction temperature (down to 450 - 500°C)
and delivering a purer hydrogen product stream viain-situ CO, removal. However, to keep the
CO contaminant level low hydrogen productivity must be sacrificed due to the under utilization
of the adsorptive reactor bed.

a Comparison with Emerging Technology: Membrane Reactor (MR) for SMR

The benefit of the membrane reactor (MR) technology has been established for a widerange of
industrially significant processes as detailed in the book entitled Catalytic Membrane Reactor co-
authored by our co-inventor, Prof. Theo T. Tsotsis. Instead of the CO, removal in AR, most
MR’s remove hydrogen to overcome conversion limitation imposed by thermodynamics. In the
case of SMR, the methane conversion theoretically can reach 100% with a perfect membrane,
i.e., infinite selectivity for hydrogen over others, is available. In practice, however, such an ided
situation cannot be accomplished even using a perfect membrane due to the reasons below:

The benefit from the in-situ removal of hydrogen by the membrane declines (along the length
of the tubular reactor) once the conversion reaches a significant level. The accumulation of
the other reaction product, CO; dilutes the benefit achieved by the hydrogen removal,
according to the equilibrium relationship, e.g., Keq = [CO2][H2]/[CO][H20] for WGS. Thus,
the forward reactions of EQ. 1 to 3 will continue but at a much dower rate, which become
impractical eventually.

The partia pressure of hydrogen in the MR, which determines the permeation rate of
hydrogen, is diluted significantly when CO, accumulates in the reactor. Thus hydrogen
removal becomes very inefficient.

The above two factors explain the limited benefit of the SMR-MR. Our simulation presents a
side-by-side comparison for the MR and our proposed reactor using our selected membrane at
the target operating temperature, 400°C. ~30% conversion can be achieved with the MR which
is double of the conversion achieved by the conventional packed bed. With the additional
removal of CO, via our proposed reactor concept, the methane conversion reaches ~70%,
comparable to the conversion level of existing industrial process using a packed bed at 800 to
900°C. In addition, hydrogen recovery is ~100% because no reject is required under our
proposed reactor configuration, as opposed to ~80% in atypical MR due to the loss of hydrogen
in the rglect, which cannot be removed economically. Finally the CO contaminant level in the
proposed reactor is one order-of- magnitude less than that in the MR using the selectivity of our
selected membrane (~50 for Ho/CO). Again, the build-up of CO; in the typical MR does not
drive the conversion of CO sufficiently to keep CO near the negligible level.
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5. Mathematical Simulation of | nvented Process

A mathematical model was developed to describe the proposed hybrid reactor previoudly, which
is attached in Appendix for reference. Some modifications have been made under this project to
reflect the adsorbent, membrane and catalyst properties experimentally obtained in Sec. 6. The
mathematical simulation has been performed based upon the thermodynamic and rate parameters
obtained from Sec. 6, and the physical parameters of the reactors summarized below:

Feed Composition: CH4:H2O:H; 1:4:0.1
Temperature: 400 °C

Pressure:

Feed Side 4 atm,

Permeate Side: 1 atm

Membrane Properties

N2 = 0.0699* 1.553e-6

H, = 5.3466* 1.553e-6

CH,4 = (28/16) ~0.5*N>

H,O = (28/18) ~0.5* N,

CO = 0.0683*1.553e-6

CO, = 0.0551*1.553e-6

Catalyst & Adsorbent

Catayst weight: 30 gm

Adsorbent weight: 70 gm

Sweep Ratio = 0.1 * (total feed side flow rate)

The simulation results for the packed bed and the membrane reactor is presented Figure 1 and
Figure 2. According to our simulation with the input parameters obtained experimentally above,
our invented hybrid process can deliver 35 to 55% methane conversion, in comparison with the
12 and 18-21% conversion of the packed bed and an adsorptive reactor respectively. In addition
CO contamination with <10 to 120 ppm is predicted for the invented process depending upon the
cycle time for the PSA type operation. In comparison, the adsorption reactor can also deliver a
similar CO contaminant at the low end; however, its CO contamination at the high end reaches
as high as 300 ppm based upon the simulation of our proposed operating condition. Our
experimental results for the packed bed and the membrane reactor deliver 12 and 18%
conversion respectively at 400°C, approaching the conversion by the mathematical simulation.
Due to the time constraint, the experimental study on the conversion of the invented process has
not been complete. However, our in-house study using a similar process concept for the water
gas shift reaction has demonstrated the reliability of our mathematical smulation for the
invented process. In summary, we are confident that the invented process can deliver efficiently
high purity hydrogen at alow temperature (~400°C).
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6. Experimental Verification of |nvented Process

6.1. Permeance and Selectivity Measurement of Membrane under Proposed Environment

A palladium membrane supported on our ceramic substrate prepared by us was selected for this
study based upon:

o Paladium membrane has been known for its extremely high permselectivity for
hydrogen. For the purpose of producing a high purity for PEM type fuel cell
applications, a membrane with an excellent permselectivity is a must.

o Paladium membrane shows thermal and hydrothermal stability at the proposed
application temperature, i.e., 400 to 500C.

After the membrane was fabricated, single component permeation study is performed to
determine its hydrogen selectivity over other gasinvolved in this study, including CO, CO2,
water, and methane. Table 1 below presents the single component permeances and their ideal
selectivity at 30 and 60 psi and 400C. Key observations include:

0 The hydrogen permeance isin the range of 6 n/n/hr/bar**0.5, which is considered the
high end of the range of the published hydrogen permeances by this type of membrane.

0 The selectivity for hydrogen over other gas components is in the range of ~100.
Although this level of selectivity is considered moderate in comparison with the
published literature. However, this level of selectivity is more than adequate for the
proposed application according to the mathematical simulation.

0 The permeance for other gas components, including CO, CO2 and CH4 (substituted with
N2), follow the trend of Knudsen diffusion. Theoretically the selectivity of hydrogen
over these components by the palladium membrane is infinite. Obvioudly the very dight
permenace measured here is most likely resulted from the defect of the membrane.

0 The permeances measured from the shell vs tube sides are similar as expected. In this
study we packed the catalyst on the shell side. Thus, the permeance measured from the
shell side will be followed.
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Table1l Single component per meances of hydrogen, CO, CO,, N, and Ar of the Palladium
membrane prepared for thistudy.

Pd-01
Surface area : 0.002793(m2) Pd-01
08-18-2005
Shell Side Feeding
Pure Gas
400 C / 30 psig 400 C / 60 psig
Permeate Permeance SF. Permeate Permeance SF.
(cc/sec) [ m3/(m2*hr*bar) ]| based on H2 (cc/sec) [ m3/(m2*hr*bar)]| based on H2
H2* 5.6022 5.0884 1.0 10.5263 6.7605 1.0
CO 0.1098 0.0684 74.4 0.2358 0.0735 92.0
COo2 0.0850 0.0530 96.1 0.1878 0.0585 1155
CH4
H20
N2 0.10%4 0.0682 74.6 0.2353 0.0733 92.2
Ar 0.0859 0.0536 95.0
Pd-01
08-18-2005
Tube Side Feeding
Pure Gas
400 C / 30 psig 400 C / 60 psig
Permeate Permeance SF. Permeate Permeance SF.
(cc/sec) [ m3/(m2*hr*bar) ]| based on H2 (cc/sec) [ m3/(m2*hr*bar)]| based on H2
H2* 5.0251 4.5642 1.0 9.5694 6.1459 1.0
CO 0.1071 0.0668 68.4 0.2326 0.0725 84.8
CO2 0.0746 0.0465 98.1 0.1883 0.0587 104.7
CH4
H20
N2 0.1036 0.0646 70.6 0.2342 0.0730 84.2
Ar 0.0875 0.0545 83.7
Pd-01
08-25-2005
Shell Side Feeding
Pure Gas
400 C / 30 psig
Permeate Permeance SF. Permeate Permeance SF.
(cc/sec) [ m3/(m2*hr*bar) ]| based on H2 (cc/sec) [ m3/(m2*hr*bar)]| based on H2
H2* 5.4054 5.3466 1.0
CcoO 0.1095 0.0683 78.3
CO2 0.0334 0.0551 97.0
CH4
H20
N2 0.1121 0.0699 76.5
Ar 0.0926 0.0577 92.6

* The unit of H2 permeance is [m3/(m2*hr*bar"0.5)]
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6.2. Adsorption | sotherms under Proposed Application Environment

In our invented process, adsorbent plays arole of removing CO;, one of the two key reaction
products. Thus, areliable adsorption isothem is critical to be able to predict the reactor
performance reliably. In this project, we experimentally perform the adsorption of CO, with
hydrotalcite as the adsorbent at 400 and 450°C with the pressure ranging from 1 to 6 bar,
covering the potential operating conditions. Table 2 lists the experimental results of the CO2
uptake by the hydrotalcite adsorbent. The results are also presented in Figure 3. Evidently, the
CO, uptake at this temperature range, i.e., 400 to 450°C, isinsignificant. The CO2 uptake in this
study can be fited well to a Freundlic adsorption isotherm as shown in Figure 4. In addition, our
invented process will operate the adsorbent under a pressure swing adsorption (PSA) mode.
Thus, the adsorption capacity under a cyclic adsorption and desorption operation is evalauted.
As shown in Table 3, about 5% adsorption capacity loss during the first cycle and then the
capacity reaches a steady state. Thus, our experimental result on cyclic adsorption confirms that
the adsorbent used in this study is qualified for the proposed operation.

Table2 CO, uptake by hydrotalcite adsor bent at 400 and 450°C.
Press(atm) |Amount Adsorbed (mmol/gm), 400C]Amount Adsorbed (mmol/gm), 450C |
1.0166 0.3148 0.2707
2.7429 1.4105 1.2205
4.4692 2.7515 2.5988
6.1955 4.4873 4.3650

Sample Size: 10 gm.

Figure3 CO, uptake by hydrotalcite adsor bent at 400 and 450°C

* 400C
) 450C

Amount adsorbed
(mmol/gm)

Pressure (atm)
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Adsor ption isotherm of CO, on hydrotalcite fitted with Freundlich equation

Amount adsorbed (mmol/gm)

— E— E

Model: Freundlich
Equation:
y = a*x"(b)

Chi~r2/DoF = 0.00146
R”2 = 0.9997

a 0.31874 +0.01534
b 1.44851 +0.02834

Pressure (atm)

Table3 Cyclic
Cycle Press(atm) mmol/gm 233?:)?22?@;?2563?; q1
0 0 0 bar.
1 1.0166 0.323979
2 1.0166 0.309252
3 1.0166 0.307411
4 1.0166 0.309252
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6.3. Reaction Kinetics under Proposed Application Environment

Steam reforming kinetic study was performed in a packed bed for the determination of the
reaction kinetics, which is part of the input parameters of the mathematical model developed for
the invented process. Although many steam reforming reaction rate data can be found in the
literature, we have not found the data generated at the temperature range interested to us, i.e.,
350 to 400°C. Table 4 summarizes the methane conversion at 350 and 400°C for the W/F
ranging from100 to 500 g mol/hr. The data were verified with the carbon balance check. All the
experimental data sets except one at xxx show excellent carbon balance within 0 to 2%. Further,
the methane conversion experimentally obtained was compared with the calculated conversion
based upon thermodynamic calculation. Obviously the experimentally condition chosen for the
study at both temperatures can deliver the conversion near thermodynamic equilibrium implies
that the experimental condition chosen here isideal to showcase the proposed process. Methane
conversion beyond the thermodynamic limit can be determined reliably based upon the
difference in conversion between the membrane reactor, membrane and adsorption reactor vs.
the packed bed reactor.

Table4d M ethane steam reforming via a membr ane reactor_at 400°C.
CH4:H20:H2=1.0:4.0: 0.1
Date: 7/15/2005
Pressure(psig) 40
T=350C
0,
W/F H2 CH4 co co2 H20 Cha % loss
(g*hr/mol) Conversion | based on C
Feed 3.21E-03 3.21E-02 0.00E+00 0.00E+00 1.29E-01
497.8 Exit 1.32E-02 2.93E-02 6.72E-04 2.69E-03 0.00E+00 8.76 17l
248.9 Fegd 6.43E-03 6.43E-02 0.00E+00 0.00E+00 2.57E-01 8.53 191
Exit 2.50E-02 5.88E-02 1.31E-03 5.40E-03 0.00E+00
165.9 Fegd 9.64E-03 9.64E-02 0.00E+00 0.00E+00 3.86E-01 779 198
Exit 2.28E-02 8.89E-02 1.60E-03 3.99E-03 0.00E+00
124.4 Fegd 1.29E-02 1.29E-01 0.00E+00 0.00E+00 5.14E-01 7.40 098
Exit 3.02E-02 1.20E-01 2.03E-03 5.76E-03 0.00E+00
996 Fegd 1.61E-02 1.61E-01 0.00E+00 0.00E+00 6.43E-01 573 047
Exit 3.62E-02 1.52E-01 3.04E-03 6.92E-03 0.00E+00
**Equil. Conversion at 350 C for CH4 : H20: H2=1.0:4.0: 0.1 6.84%
**Equil. Conversion at 350 C for CH4 : H20: H2=1.0:4.0: 0.0 8.67%
T=400C
W/F H2 CH4 CO CO2 H20 CH4 % loss
(g*hr/mol) (mol/hr) (mol/hr) (mol/hr) (mol/hr) (mol/hr) Conversion | based on C
4978 Fegd 3.21E-03 3.21E-02 0.00E+00 0.00E+00 1.29E-01 14.43 534
Exit 3.24E-02 2.75E-02 1.82E-03 4.53E-03 0.00E+00
Feed 6.43E-03 6.43E-02 0.00E+00 0.00E+00 2.57E-01
248.9 Exit 3.68E-02 5.51E-02 1.65E-03 6.18E-03 0.00E+00 14.36 218
Feed 9.64E-03 9.64E-02 0.00E+00 0.00E+00 3.86E-01
165.9 Exit 4.17E-02 8.31E-02 2.47E-03 8.35E-03 0.00E+00 13.80 257
Feed 1.29E-02 1.29E-01 0.00E+00 0.00E+00 5.14E-01
124.4 Exit 5.81E-02 1.13E-01 1.86E-03 1.23E-02 0.00E+00 1243 140
Feed 1.61E-02 1.61E-01 0.00E+00 0.00E+00 6.43E-01
99.6 Exit 6.29E-02 1.42E-01 3.86E-03 1.43E-02 0.00E+00 1143 0.11
**Equil. Conversion at 400 C for CH4 : H20: H2=1.0:4.0:0.1 12.80%
**Equil. Conversion at 400 C for CH4 : H20: H2=1.0:4.0: 0.0 14.60%
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The above conversion results obtained for a packed bed reactor were used to derive the reaction
rate kinetic data based upon the equations detailed in Appendix.

6.4. Experimental Verification of the | nvented Process

Tableb M ethane steam refor ming via a membrane reactor at 400°C.
Feed side :: CH4:H20:H2=1.0:4.0:0.1
Permeate side ::  0.5*(total feed) H20

Date: 8/31/2005
Pressure(psig) 40
Temp.(C) 400
Membrane Pd-01
W/F H2 CH4 co CO2 H20 CH4 % loss
(g*hr/mol) (mol/hr) (mol/hr) (mol/hr) (mol/hr) (mol/hr) Conversion | based on C
Feed 1.61E-02 1.61E-01 0.00E+00 0.00E+00 6.43E-01
124.4 Reject 9.69E-02 1.01E-01 6.90E-03 1.27E-02 0.00E+00 16.53 -1.43
Permeate 2.74E-02 3.35E-02 2.12E-03 7.12E-03 0.00E+00
Feed 1.93E-02 1.93E-01 0.00E+00 0.00E+00 7.71E-01
103.7 Reject 8.68E-02 8.53E-02 5.20E-03 1.35E-02 0.00E+00 16.69 -4.54
Permeate 6.32E-02 7.53E-02 4.73E-03 1.75E-02 0.00E+00
Feed 2.25E-02 2.25E-01 0.00E+00 0.00E+00 9.00E-01
88.9 Reject 7.96E-02 8.48E-02 4.66E-03 9.53E-03 0.00E+00 16.19 -3.21
Permeate 8.69E-02 1.04E-01 6.61E-03 2.29E-02 0.00E+00
Feed 3.21E-02 3.21E-01 0.00E+00 0.00E+00 1.29E+00
62.2 Reject 6.78E-02 8.94E-02 4.58E-03 9.11E-03 0.00E+00 11.67 -2.62
Permeate 1.01E-01 1.94E-01 9.44E-03 2.28E-02 0.00E+00

Equil. Conversion for CH4 : H20: H2=1.0:4.0:0.1 12.80%

7. Economic Analysis of | nvented Process

7.1 Product Costs based upon Our | nvented vs Competitive Process

Our comparison here is limited to the capital cost for hydrogen production for
distributed/stationary applications. Thus far, no technology development for vehicle applications
has been advanced enough for reliable product cost analysis. Discussion on energy savingsis
made in Criterion #3 next. Although the processes for conventional vs our invented reforming is
very similar, there are two fundamental differences. First, the conventional SMR and WGS
reactors and CO post-treatment are replaced by our invented process with a single stage
reformer/separator. Second, heat for the endothermic reaction is supplied to the reactor in the
form of a steam sweep of the permeate side of the membrane. By comparison, in the
conventional SMR reactor, flue gas from the burner is used directly to provide this reaction heat
[11].

The table below presentsthe estimated capital cost of the conventional process for small scale
distributed production of 2,000 scfh of Ho!*" and compares this with our invented alternative.
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The total capital cost for our invented process is about 50% of that required for the conventional
reactor. The primary reason for this is the lower reactor cost and the elimination of the
downstream unit operations, particularly Hp purification via PSA. It should be noted that the H,
yield in the conventional SMR with PSA capital system is about 75% vs. >95% with our
proposed process. Hence, the proposed process would produce 2500 SCFH H, vs. 2000 SCFH
for the conventional system.

Conventional
Unit Operation SMR/WGS M&P grocws
(9] [3]

Gas Compressor 2,300 2,300
HDS including preheater 4,400 4,400
Water Boiler w/superheater 13,600 9,600
SMR including burner (800°C) 29,300 0

Reactor Catalyst 2,000 2,000
HTS Reactor (400°C) 15,400 0
M& P Reactor 0 19,000
M&P Burner 0 2000
Air Cooler 1 4,300 0
Air Cooler 2 3,000 0
Permeate Condenser 0 7,000
Water Preheater 0 3,000
H, Separator (PSA: <10 ppm 18,800 0
CO)
Total Cost [$] 93,100 49,300
H, Produced [ SCFH] 2000 2500

7.2. Energy Savings
\
Please refer to Appendx E for Energy Savings Metrics

7.3. Economical and Envi ronmental Benefits

The use of automobiles and light trucks in US accounts for 40% of the total petroleum
consumption. The transportation sector relies on petroleum for 97% of its energy and over half
of this comes from foreign sources’, which has energy security implications. According to the
DOE estimate, the future high efficiency vehicles with fuel cells and other improvements will
achieve 3 time reduction in fuel consumptiorf. About 25% of the total petroleum consumption
can be saved with the implementation of this proposed technology. Thisis equivalent to ~5
million barrels/day petroleum usage reduction, or 50% reduction in US petroleum import. In
addition, the transportation sector contributes air pollution substantially®. Highway road vehicle
emissions account for about 27% of man made volatile organic compound emissions, 32% of

% US DOE Solicitation No. DE-PS36-03G093007, July 24, 2003
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nitrogen oxide emissions, and 62% of CO emissions on an annua basisin the USA. The
proposed technology offers hydrogen supply via ontboard reforming or via refueling sations.
This would eliminate one of the key challenges facing the implementation of the fuel cell
technology in the transportation sector, resulting in reducing or eliminating these pollutants.
Organic compound emissions from these vehicles would be reduced dramatically, about 80%,
since no more than 25% hydrocarbon fuels are unconverted, which are combusted for heat
recovery applications. 3 time reduction in CO, is expected due to its reduced fuel usage, which
can be concentrated in aregject stream ready for sequestration. Finally the quality of life would be
improved as aresult of several intangible benefits, such as noise reduction through the use of

fuel cellsin vehicles, back-up power by fuel cell to dampen the peak electricity load, and others.

7.4. Conclusions

Our project involves the bench scale demonstration of a high-efficiency low-temperature steam
reforming process. Hydrogen production can be operated at 350 to 400°C with our invention, as
opposed to >800°C of existing reforming. Several conclusions can be drawn based upon the
experimental study performed under this project:

Ceramic Membrane deposited with Pd thin prepared by us was found suitable for
proposed application environment. In addition, its permeance and selectivity were found
adequate for the invented process. Its permeance for hydrogen at 450C is about 10
me/nf/hr/bar®®. The selectivity is about 100 for hydrogen over CO, CO,, and N (a
substitute for methane) based upon the single component permeance measurement. The
permeancesfor CO, CO, and N are believed to be resulted from defects of the
membrane/leaks of the module because Knudsen diffusion trends were followed for
these components.

Hydrotalcite prepared by us was found adequate for the adsorption of CO, for the
invented process. The adsorption isotherm for the selected hydrotal cite adsorbent was
determined experimentally at 400 and 450°C and up to 6 bar. The capacity in the
neighborhood of 0.3 mmol/g at 1 bar and >4 mmol/g at 6 bar. A Freundlich adsorption
isotherm was applied to describe well the CO, uptake vs pressure. Further, the capacity
loss under cyclic adsorption/desorption was confirmed very insignificant, i.e., <5% loss
after the 1% cycle and negligible for >1% cydle.

A commercial steam reforming catalyst was used to generate the reaction kinetic
parameters required for the proposed operating condition at 350 and 400°C. Although
the reaction temperature is low and no literature data is available, we were able to reach
the thermodynamic conversion in a packed bed under the proposed operating condition.
Thisimplies that the reaction kinetics with the commercial catalyst at this extremely low
temperature is adequate for the invented process.

According to our simulation with the input parameters obtained experimentally above,
our invented hybrid process can deliver 35 to 55% methane conversion, in comparison
with the 12 and 18-21% conversion of the packed bed and an adsor ptive reactor
respectively. In addition CO contamination with <10 to 120 ppm is predicted for the
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invented process depending upon the cycle time for the PSA type operation. In
comparison, the adsorption reactor can also deliver asimilar CO contaminant at the low
end; however, its CO contamination at the high end reaches as high as 300 ppm based
upon the simulation of our proposed operating condition.

Our experimental results for the packed bed and the membrane reactor deliver 12 and
18% conversion respectively at 400°C, approaching the conversion by the mathematical
simulation. Due to the time constraint, the experimental study on the conversion of the
invented process has not been complete. However, our in-house study using a similar
process concept for the water gas shift reaction has demonstrated the reliability of our
mathematical simulation for the invented process. In summary, we are confident that the
invented process can deliver efficiently high purity hydrogen at a low temperature
(~400°C).

According to our projection, the invented process can further achieve 5% energy savings
and ~50% capital savings over conventional reforming for fuel cell applications. The
pollution abatement potential associated with the implementation of fuel cells, including
the elimination of nitrogen oxides and CO, and the reduction in volatile organics and
CO,, can thus be realized with the implementation of this invented process. The
projected total market size for equipment sale for the proposed processin USis $1.5
billion annually.

Due to the positive results obtained thus far, it is recommended to complete the experimental
study to verify the ssmulation results. Further, a process optimization task can be pursued to
determine the maximum energy and capital cost savings possibly achieved by the invented
process.
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Task Schedule
Task Completion Date
Task Task D i P Not
Number 2Lz uleln Original | Revised | , . | Percent ilele LES S elR
Planned | Planned Complete
Construction of Bench-Scale Testing
1 Unit 10/31/04 | 12/31/04 |12/31/04| 100% Completed.
2 Refining Mathematical Model 12/31/04 | 2/28/05 | 2/28/05 | 100% Completed
Experimental Verification of Invented
3 Process 5/31/05 8/31/05 | 9/30/05 95% In progress
Process Simulation, Optimization and
4 Economic Analysis 6/31/05 8/30/05 | 9/30/05 100% Completed
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Appendix B

Final Spending Schedule
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Cost Share Contributions

Appendix C

Final Cost Share Contributions

DE-FG36-04G014330
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Funding
Source

Approved Cost Share

This Quarter

Cumulative to Date

Cash

In-Kind

Cash

In-Kind

Cash

In-Kind

Cumulative Cost Share Contributions

0.00
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Appendix D

Energy Sagings Metrics

One Unit of Propsoed Technology:
2,000 scfh of H, production for the proposed technology for small scale distributed hydrogen
production applications.

One Unit of Current Technology:

2,000 scfh of H, for convetional process for small sclae distributed hydrogen production
Energy Savings Metrics

The total hydrogen required for transportation is based upon hydrogen consumption to power the

future high efficiency vehiclesin US. Total energy savings by the invented process are
summarized below:

Category | Hydrogen Required for | Energy Savings by Total Energy
Transportation Proposed I nvention Savings
[mol Ha/yr] [Btu/mol Hy] [Btulyr]
Sensible Heat
Region Heat Recovery
Savings Savings
us 21x 10™ 6.3 25 185 x 10™
Worldwide 42 x 10™ 6.3 25 370x 10™

Based upon the process scheme and the ssimulation result (see Sec. 6), potential energy savings
resulting from replacing existing steam reforming with our invented process for
distributed/stationary/on-board hydrogen production are derived from three areas below:

our proposed reformer operated at 350 to 400°C vs >800°C of existing commerical SMR,
more cost-effective heat recovery and utilization of steam requirement for reaction, and
elimination of several major unit operations for post treatment.

The energy saving calculation here is limited to the first two factors resulting from the reactor
operating temperature difference. Energy savings due to the elimination of some unit operations
required for post treament (the 3rd factor) is not as significant as the refomer, and is not taken
into consideration here. Thus, the energy saving estimate presented below should be considered
as a minimum saving case.

Calculation for Hydrogen Required for Transportation
The total hydrogen requirement is calculated based upon reforming the moles of methane-
equivalent requried to power high effiency vehicles (see definition below). Thus, savings are
made based upon the comparison of existing vs proposing steam reforming process to supply
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hydrogen required for the transportation sector using gasoline. Diesel powered vehicles are
not accounted for in this calculation.

Total US gasoline consumption is ~9 million barrel per day currently. About 95% is used
by transporatior?. This amounts to 43x10'? Btu per day.

The future high-effiency vehicle with fuel cells and other improvements will result in 3 time
reduction in energy consumptiorf. Thus, the methane-equivalent consumption for the future
vehiclein USis 57 x 10° mole /day on equal Btu basis.

The global energy consumption is assumed to be double of the comsumption in US.

Calculation for Energy Savings resulting from Sensible Heat Difference
75% conversion of hydrocarbon feed to hydrogen by steam reforming is assumed for both
existing and proposed reforming technologies. Also 4 moles steam is requried for each mole
of methane.
The energy savings from the sensible heat difference (400 vs 800°C) is straightforward to
calculate and is approximately 6.3 Btu/mol H, produced.

Cdulation for Energy Savings resulting from Heat Recovery
Starting with the conventional reactor, approximately 13 Btu per mol of produced H; is
recovered from the reactor effluent via steam generation. Of this, 5.3 Btu/mol H; isinjected
into the natural gas feed. In arefinery, the remaining 7.7 Btu/mol is “exported” [11].
However, to provide water to the reaction, it is not likely that this“export” steam could be
used for small reformers for on-board or distributed H, generation. Hence, thiswould ssimply
be an energy loss.
The total quantity of steam generated is expected to be less for our invented process due to
the lower reaction temperature. However, more aggressive heat recovery can be practiced in
our proposed process. The heat exchanger materials of construction are less exotic at =400°C
(vs 800°C). Further, no high and low temperature water gas shift reactions are required in
the invented process. Hence it is reasonable to estimate that up to an additona 20% of the
heat lost (i.e., not recovered) in the conventional reactor can be recovered in the proposed
process. Given these adjustments, it is estimated that the invented process would save an
additional 2.5 Btu/mol H, in comparison to the conventional SMR.

In summary, the implementation of the fuel cell technology in transportation will achieve three
time reduction of current transportation energy usage according to DOE objective. This amounts
to 11 x 10™ Btu/yr savingsin US. Our proposed process offers a technical feasible solution for
this application. On top of that, our invented process will achieve 185 x 10 Btulyr savings over
conventional reforming. This amounts to ~5% savings of the reduced energy consumption (i.e.,
after 3 time reduction by the implementation of the fuel cell in vehicles). In addition, about 50%
capital cost reduction can be achieved with our proposed process as discussed above.

! Personal communication with D. Kosowski, Refining Process Service, Pittsburgh, PA
2 US DOE Solicitation No. DE-RP04-01AL 67057, November 21, 2000

21



DE-FG36-04G014330

Media and Process Technology Inc.
Supplemental Information attached below:

22



Design Aspects of Hybrid Adsorbent—Membrane Reactors for
Hydrogen Production

Babak Fayyaz,” Aadesh Harale,” Byoung-Gi Park,* Paul K. T. Liu,’
Muhammad Sahimi,” and Theodore T. Tsotsis™'

Department of Chemical Engineering, University of Southern California, Los Angeles, California 90089-1211,
LG Petrochemical Company, Ltd., LG Twin Towers, Youido, P.O. Box 672, Seoul, Republic of Korea, and
Media and Process Technology, Inc., Pittsburgh, Pennsylvania 15236

We present a detailed investigation of the design characteristics and performance of a novel
reactor system, termed the hybrid adsorbent—membrane reactor (HAMR), for hydrogen
production. The HAMR concept, originally proposed by our group!? for esterification reactions,
couples the reaction and membrane separation steps with adsorption on the membrane feed or
permeate side. The HAMR system investigated previously involved a hybrid pervaporation
membrane reactor and integrated the reaction and pervaporation steps through a membrane
with water adsorption. Coupling reaction, pervaporation, and adsorption significantly improved
the performance. In this paper, we investigate a new HAMR system involving a hybrid packed-
bed catalytic membrane reactor coupling the methane-steam-reforming reaction through a porous
ceramic membrane with a COs adsorption system. The present HAMR system is of potential
interest to pure hydrogen production for proton exchange membrane (PEM) fuel cells for various
mobile and stationary applications. The reactor characteristics have been investigated for a range
of temperature and pressure conditions relevant to the aforementioned applications. The HAMR
system exhibits enhanced methane conversion, hydrogen yield, and product purity and shows
good promise for reducing the hostile operating conditions of conventional methane—steam
reformers and for meeting the product purity requirements for PEM operation.

1. Introduction

As a result of stricter environmental regulations
worldwide, hydrogen is progressively becoming a very
important clean energy source for both mobile and sta-
tionary applications. For hydrogen to replace fossil fuels
as the fuel of choice for mobile applications, it will re-
quire the creation of a production and delivery infrastruc-
ture equivalent to those that currently exist for fossil
fuels. As an alternative and an interim step toward the
new hydrogen economy, various groups are currently
investigating hydrocarbon steam reforming for onboard
generation of hydrogen for use in fuel-cell-powered
vehicles, or for on-site production, in place of compressed
or liquid hydrogen gas storage for stationary power
generation applications.?~¢ Methane—steam reforming
is currently attracting renewed interest in this regard,
particularly for distributed power generation through
the use of fuel cells. The process is widely practiced for
large-scale hydrogen production and involves reacting
steam with methane, through the endothermic and
reversible methane—steam-reforming reaction, over
supported nickel catalysts in packed-bed reactors (re-
formers). Traditionally, these reformers have generally
operated at temperatures often in excess of 1000 K and
pressures as high as 30 bar and reach relatively low
equilibrium conversions.” ® Such conditions are often
neither convenient nor economical to attain for small-
scale, on-site (or onboard) hydrogen generation. As a
result, there is much current interest in the develop-
ment of more effective reforming technologies.

* To whom correspondence should be addressed. Tel.: (213)
740-2069. Fax: (213) 740-8053. E-mail: tsotsis@usc.edu.

T University of Southern California.

* LG Petrochemical Co., Ltd.

§ Media and Process Technology, Inc.

10.1021/ie050199u CCC: $30.25

Reactive separation processes have been attracting
renewed interest for application in catalytic steam
reforming. They include packed-bed catalytic membrane
reactors (MRs)!0715 and, more recently, absorptive reac-
tor (AR) processes.16726 Their potential advantages over
the more conventional reformers have been widely dis-
cussed. They include (i) increasing the reactant conver-
sion and product yield, through shifting of the equilib-
rium toward the products, potentially allowing one to
operate under milder operating conditions (e.g., lower
temperatures and pressures and reduced steam consump-
tion), and (i1) reducing the downstream purification
requirements by in situ separating from the reaction
mixture the desired product hydrogen (in the case of
MRs) or the undesired product CO; (in the case of ARs).

MRs show substantial promise in this area and, typi-
cally, utilize nanoporous inorganic or metallic Pd or Pd—
alloy membranes.!® The latter are better suited for pure
hydrogen production. However, metallic membranes are
very expensive and become brittle during reactor opera-
tion!3 or deactivate in the presence of sulfur or coke.
Nanoporous membranes are better suited for the steam-
reforming environment. They are difficult to manufac-
ture, however, without cracks and pinholes and, as a
result, often have inferior product yield. In addition, the
hydrogen product in the permeate side contains sub-
stantial amounts of other byproducts, particularly COs,
and may require further treatment for use in fuel-cell-
powered vehicles.

Adsorptive methane—steam-reforming reactors also
show good potential.16-20 The challenge here, however,
is in matching the adsorbent properties with those of
the catalytic system. Two types of adsorbents have been
suggested: potassium-promoted layered-double hydrox-
ides (LDHs), which operate stably only at lower tem-
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Table 1. Rate Expressions and Thermodynamic Properties for the Methane—Steam-Reforming Reaction®8

reaction rate expression

heat of reaction
at 298 K, AHR? (kJ/mol)

equilibrium
constant, Keqi

CH4 + HQO = CO + 3H2 ri
CO + H20 < COy + He ro
CH4 + 2H20 hd COQ + 4H2 rs

e DEN = 1 + KcoPco + I{HQPH2 + KCH4PCH4 + KHQOPHQO/PH2.

LoD |~

(k1/Pw,2®)(Pcr,Pr,0 — Pu,*Pco/Keq1)/DEN?
(ko/Py,)(PcoPu,0 — Pu,Pco,/Keq2)/ DEN?
(k3/Pw,?®)(Pcr,Pu,0? — Pu,*Pco,/Keq3)/DEN?

206.1 Keq1 = exp[30.114 — 26830/T]
—41.15 Keqz = exp[—4.036 + 4400/T
164.9 Keq3 = KeqlKeq2

Table 2. Kinetic Parameters for the Methane—Steam-Reforming Reaction®

kinetic preexponential activation energies or heats of chemisorption,

parameter terms, k0, Kio E., AH (kJ/mol) units
k1 4.225 x 1015 240.1 kmol-bar??/kg of catalyst/h
ke 1.955 x 106 67.13 kmol/kg of catalyst/h/bar
ks 1.020 x 1015 243.9 kmol-bar %%/kg of catalyst/h
Kco 8.23 x 107® —70.65 bar~!
K, 6.12 x 1079 —82.90 bar!
Kcn, 6.65 x 107 —38.28 bar™!
Ko 1.77 x 105 88.68

peratures (less than 500 °C2527), and CaO or commer-
cial dolomite, which can be utilized at the typical steam-
reforming temperatures of 650—700 °C2! but requires
temperatures higher than 850 °C for regeneration.23-24
These are very harsh conditions that result in gradual
deterioration of the adsorbent properties and potentially
sintering of the reforming catalyst.23-24 The mismatch
between the reaction and regeneration conditions is
likely to result in significant process complications.

Here, what we propose for use is a novel reactor
system, termed the hybrid adsorbent—membrane reac-
tor (HAMR). The HAMR concept, originally proposed
by our group,%2® couples the reaction and membrane
separation steps with adsorption on the reactor and/or
membrane permeate side. The HAMR system investi-
gated previously involved a hybrid pervaporation MR
system and integrated the reaction and pervaporation
steps through a membrane with water adsorption.
Coupling reaction, pervaporation, and adsorption sig-
nificantly improved the performance. Most recently,
Elnashaie and co-workers2?—32 mathematically analyzed
the behavior of a circulating fluidized-bed HAMR sys-
tem utilizing Pd membranes. This reactor is assumed
to operate at steady state by recirculating the catalyst
and adsorbent through a second reactor for regenera-
tion. The ability of Pd membranes to withstand the
rigors of the fluidized-bed steam-reforming environment
and of the adsorbents to undergo continuous recircula-
tion and regeneration still remains the key challenge.
In addition, this system is not well-suited for onboard
or small-scale applications.

The HAMR configuration can be potentially used with
equilibrium- or selectivity-limited reactions in which one
of the products can be adsorbed while another (or the
same) product can be simultaneously removed via a
membrane. What limits the application of the concept
is the availability of efficient adsorbents that are also
stable at reaction conditions. Esterification reactions
(like the ethanol reaction with acetic acid to produce
ethyl acetate previously studied by our group'2), through
the use of water adsorbents, and the production of
hydrogen (through steam reforming or the water gas
shift reactions) are two key potential applications. In
this paper, we investigate a HAMR system involving a
hybrid packed-bed catalytic MR, coupling the methane—
steam-reforming reaction through a porous ceramic
membrane with a CO; adsorption system. This HAMR
system exhibits behavior that is more advantageous
than either the MRs or ARs, in terms of the attained

yields and selectivities. In addition, the HAMR system
potentially allows for significantly greater process flex-
ibility than either the MR or AR system. The membrane,
for example, can potentially be used to separate the
catalyst from the adsorbent phase, thus allowing for in
situ continuous regeneration of the adsorbent. This
offers a significant advantage over the ARs, which are,
by definition, discontinuous systems and require the
presence of multiple beds (one being in operation while
the other is being regenerated) to simulate continuous
operation. The HAMR system shows, furthermore,
significant potential advantages with respect to the
conventional MR system. Beyond the improved yields
and selectivities, the HAMR system has the potential
for producing a CO-free fuel-cell-grade hydrogen prod-
uct, which is of significance for the proposed fuel-cell-
based mobile applications of such systems.

In this preliminary paper, a mathematical model for
the HAMR system is presented and analyzed for a range
of temperature and pressure conditions. The behavior
of the HAMR system is compared with the conventional
packed-bed reactor, as well as a MR and an AR system.

2. Theory

2.1. Kinetics for Methane—Steam Reforming.
For the methane—steam reaction, we utilize a catalytic
reaction scheme, first proposed by Xu and Froment,8
that has since found widespread application. According
to Xu and Froment? (see also Elnashaie et al.” and Nam
et al.13), the methane—steam-reforming reaction consists
of two major endothermic reforming reaction steps,
together with the exothermic water gas shift reaction
(see Table 1), with the overall reaction being highly
endothermic. The rate expressions, heats of reaction,
and thermodynamic constants for the three reaction
steps are shown in Table 1. The kinetic parameters, as
reported by Xu and Froment,® are shown in Table 2.
Formation rates for the Hg, CO, and COs products and
the disappearance rates for CH4 and H2O are given by
the following equations:

Ry = +3r; +ry+4rg @)
Royg=+r;—ry (2)
Roo, = +ry + 14 (3)
Rey,=-ri—rg (4)

Ryo=—ry—ry—2rg (5)
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Figure 1. Schematic diagram of a HAMR system.

2.2. Mathematical Model of the HAMR System.
A schematic of the HAMR system is shown in Figure 1.
In this figure, the catalyst and adsorbent are packed in
the exterior of the membrane (signified by the super-
script F, or the feed side), with additional adsorbent also
packed in the interior of the membrane volume (signi-
fied by the superscript P, or the permeate side). There
are, of course, a number of other potential reactor config-
urations, as previously noted. For example, the catalyst
may be loaded in the feed side, while the adsorbent may
also be loaded in the permeate side, or the catalyst and
adsorbent may only be loaded in the feed side, with no
adsorbent or catalyst being present in the permeate
side, which is the configuration that is analyzed here.
To simplify matters, in the development of the model,
we assume that the reactor operates isothermally, that
external mass-transfer resistances are negligible for the
transport through the membrane as well as for the
catalysts, and that internal diffusion limitations for the
catalyst, and internal or external transport limitations
for the adsorbent, are accounted for by the overall rate
coefficients. Moreover, plug-flow conditions are assumed
to prevail for both the interior and exterior membrane
volumes, as well as ideal gas law conditions.

In the simulations reported here, we utilize the
experimentally measured transport characteristics of a
microporous SiC membrane prepared by our group.33
These membranes have been shown previously to be
thermally and hydrothermally stable under conditions
akin to the steam-reforming reaction conditions33 (fur-
ther details about their preparation and characteriza-

C

tion can be found in the original publication). The SiC
membranes are highly permselective toward hydrogen,
with gases with larger kinetic diameters permeating
only by Knudsen diffusion through membrane pinholes
and cracks.?? Mass transfer through the porous mem-
brane is described by the following empirical equation:

F;=U(P] — P}) (6)

where Fj is the molar flux (mol/m?s), P} the partial
pressure of component j on the membrane feed side
(bar), PJP the partial pressure of component j on the
membrane permeate side (bar), and U; the membrane
permeance for component j (mol/m?-bar-s). Equation 6
is, of course, a simplified empirical expression for
describing flux through a nanoporous membrane for
which the size of the pores approaches that of the
diffusing molecules. Substantial efforts are currently
ongoing by our group and others for a better under-
standing of the phenomena that occur during molecular
transport through such nanoporous systems. Simple
analytical expressions for describing transport through
such membranes are currently lacking, however, thus
the choice of the commonly utilized empirical equation
6 in this preliminary reactor modeling investigation.

The mass balance on the feed side of the reactor
packed with methane—steam-reforming catalyst and,
potentially, an adsorbent is described by the following
equations for CO,, CO, Hy, H2O, CHy, and an inert
species (potentially used as a sweep gas or a blanketing
agent; for catalytic steam reforming, a practical sweep
gas would be either steam or hydrogen, however):

FELL DY g U - PP+ (1 — DR -

G ).
v/
i=1,2,..n (7

CF
u-—§x1—ﬁg%G§+e&A%2£;@ﬁ )

In eq 7, n]F is the molar flow rate (mol/s) for species j
and CJF is the gas-phase concentration (kmol/m?) equal
to nY/QF, where QF is the volumetric flow rate (m?/s). V
is tfle feed-side reactor volume variable (m3), AF the
cross-sectional area for the reactor feed side (m2), o,
the membrane area per feed-side reactor volume (m?
m3), ¢ the bed porosity on the feed side, €F the total
feed-side bed porosity (it includes the bed porosity and
catalyst porosity), 8. the fraction of the solid volume
occupied by catalysts (3. = 1 when no adsorbent is
present), p. the catalyst density (kg/m?), p, the adsorbent
density (kg/m?), and RJF the reaction rate expression,
which either is described by eqs 1—5 (mol/kg-s) or is
equal to zero if j is an inert species. Assuming that the
adsorbent only adsorbs COs, GJF is zero for all other
components except COs. DE (m?/s) is the axial disper-
sion coefficient given by the following equation®* gener-
ally applicable for describing dispersion phenomena
through packed beds:

. . 0.5u"dy
Df =0.73D}, + T (8)

where DY is molecular diffusivity (m%s), u is the
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velocity at the feed side (m/s), and dP is the particle
diameter in the feed side (m).

One finds a number of approaches in the literature
for describing GEOZ. Ideally, one would like to account
explicitly for both external and internal mass transport
and finite rates of adsorption. Such an approach goes
beyond the scope of this preliminary investigation, how-
ever, in addition to the fact that there are currently no
experimental high-temperature transport/adsorption COq
data to justify this level of mathematical detail. Tradition-
ally, in the modeling of ARs, simpler models have been
utilized instead.?227 Two such models have received the
most attention. They are (i) the model based on the as-
sumption of an instantaneous local adsorption equilib-
rium between the gas and adsorbent phases?2227.28 and
(i1) the linear driving force (LDF) models, according to

which?? GEOZ is described by the following expression:

dC
dt

*=Gto, = ko(Ceeq = C) 9)

where Cqq is the adsorption equilibrium COj; concentra-
tion on the adsorbent (mol/kg) corresponding to the pre-
vailing gas-phase concentration, Cs is the existing ad-
sorbed COg concentration (mol/kg), and %, (s71) is a par-
ameter that “lumps” together the effects of external and
intraparticle mass transport and the sorption processes
and that, as a result, is often a strong function of tem-
perature and pressure,?’ although, typically, in model-
ing it is taken as temperature/pressure-independent. To
calculate Cseq, we utilize the data reported by Ding and
Alpay??27 for COy adsorption on potassium-promoted
LDH. They showed that the CO2 adsorption on this ad-
sorbent follows a Langmuir adsorption isotherm under
both dry and wet conditions, described by the following
equation:

c - mcozbcozpco2 (10)
4 1+ bg, Peo,

where mco, (mol/kg) is the total adsorbent capacity and
bco, (bar™1) the adsorption equilibrium constant, which
is described by the van’t Hoff equation:

beo, = beo,(Ty) exp[-AH/R(U/T — 1Tyl (11)

The heat of adsorption, AH, (kJ/mol), under wet condi-
tions for a region of temperatures from 481 to 753 K was
calculated to be —17 kd/mol, while b¢o, at 673 K is equal
to 23.6 bar.?” Equations 7 and 9 must be complemented
by initial and boundary conditions. For simplicity, we
assume here that the reactor, prior to the initiation of
the reaction/adsorption step, has undergone a start-up
procedure as described by Ding and Alpay?? that invol-
ves (i) heating the reactor to the desired temperature
under atmospheric pressures by feeding Hz on the reac-
tor feed side and the chosen sweep gas on the permeate
side, (i1) supplying water to the system so that the feed
H>0/Hs ratio is the same as the HoO/CH,4 ratio to be used
during the reaction step, (iii) pressurizing the feed and
permeate sides to the desired pressure conditions, and
(iv) switching from Hy to CHy to initiate the reaction/ad-
sorption step. In the simulations, the conditions prevail-
ing at the start of step iv are those prevailing at steady
state during step iii. In addition, during step iv the
following conventional boundary conditions prevail:16-20

ot (x - xF)

=0: %o %)
at V=0 4 AFGE DE (12a)
at V="Vg; o /9V = 0 (12b)

where uo is the inlet superﬁcial velocity (m/s), Vg the
total reactor volume (m?), x the mole fraction, and x
the inlet mole fraction for spemes J.

Assuming that the catalyst and adsorbent particles
have the same size, the pressure drop in a packed bed
can be calculated using the Ergun equation:

dPF 1076 fF(GF )2

av A'g dy pr Y

atV=0, P"=P} (13a)
ff= (1(6%)25)(1.75 + —1502\172: eg)) (13b)

NE, < 50001 — €) (13c)

e =db GE /u” (13d)

where PF is the feed-side pressure (bar), Pg the inlet
feed-side pressure, uf the viscosity (Pa-s), le) the par-
ticle diameter in the feed side (m), GE = phuf the
superficial mass flow velocity in the feed side (kg/m?2-
S), pg the density of the fluid (kg/m?), and g. the gravity
conversion factor equal to 1 in SI units.

Because the SiC membranes do not show substantial
CO; permeation,?® we assume that no adsorbent or
catalyst is present in the permeate side. For the perme-
ate side, the following equation is, therefore, utilized:

oct  on? B ( CP)

F P F\2 P

-+ kg = a,RUP] — P+ (A" 2 \Dp )
i=1,2, ..,n (14)

where & = AF/AP, with AP being the cross-sectional area
on the permeate side (m2), and D} (m?%s) is the axial
Taylor—Aris dispersion coefficient on the permeate
side36 for empty tubes given as:

WH)A(dh)?

Dy =DF +
- 192D

m

(15)

where DY is the molecular diffusivity (m%s), u® is the
velocity at the permeate side (m/s), and df is the
membrane inside diameter (m). In the simulations, the
conditions prevailing in the permeate side at the start
of step iv are those prevailing at steady state during
step iii. In addition, during step iv the following condi-
tions prevail in the permeate side:

ot uld — P
N o 0o J
at V= 0; W ADE (16a)
Bx}3
at V = VR; W =0 (16b)



where xjP is the mole fraction, xjf-(), the inlet mole fraction
for species j on the permeate side, and ug the superfi-
cial flow velocity (m/s) at the inlet. Because no adsorbent
or catalyst is present in the permeate side, we ignore
any potential pressure drops.

The reactor conversion (based on methane, which is
typically the limiting reagent) is defined by the following
equation:

F F P
nCH4,O - (nCH4,ex + nCH4,ex)
. amn
ncH,0

XCH4 =

where ngHw is the inlet molar flow rate of CH4 and

n(FjHépeX and nBHMX are the methane molar flow rates at
the exit of the reactor feed and permeate sides cor-
respondingly (mol/s). The yield of product hydrogen,
defined as the fraction of moles of methane fed into the
reactor that have reacted to produce hydrogen, is given
by the following equation:

F F P P
1 (nHZ,eX - nHz,O) + (nHz,ex - nHZ,O)

2 4 F
nch,o0

Yy

(18)

where nj; ox and ngzyex are the hydrogen molar flow
rates at the exit of respectively the reactor feed and
permeate sides and ngz,o and np o the Hy molar flow
rates potentially present at the infet of the reactor feed
and permeate sides (mol/s). Yu, = 1 when all of the
methane has reacted completely to produce CO2 and Hs.

Equations 6—18 can be written in dimensionless form
by defining the following variables and groups:

F
- e Vg F V. 7_@"
! AFuOF 4 Ta 1 Vg A
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The dimensionless equations equivalent to eqs 7—18 are
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where in dimensionless form:
Go, = (0q — 65) 27)
Beo xgo wr
= (28)

F WF
1+ Beogco, ¥

and R; are dimensionless forms of R;, which are de-
scribed by eqs 1—5, with the dimensionless forms of the
rates r; — r5 shown in Table 3. Equations 20 and 22
that express the dimensionless velocity distributions are
obtained by overall mass balances in the feed and
permeate sides. In the absence of substantial pressure
drop in the permeate side in eq 21, WP = 1 and
0WP/onp = 0. The initial conditions at the start of the
adsorption/reaction step are those prevailing during step
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Table 3. Dimensionless Rate Expressions for the Methane—Steam-Reforming Reaction®

i reaction rate expression

1 CH4 + H20 < CO + 3H; ry = (/DENZ WO5) [xop xm,0 — (PoW)2(xgy xco/Keq1)]

2 CO + Hz0 < COz + He = (k?/kl)[(PF)l SW/DENZy,) [reorao - tzxCO/Kqu

3 CHy + 2H50 < CO5 + 4H, = (ks/k1)[ 1/DEN2x3 5‘1’(’ 5] [xCH4xH20 (Po‘I’)Z(tzxco/Keqa)]

aDEN =1+ K’colprCO + ICHZIPF.’)CH2 + KCH4 + KHQO(tzo/xHZ).

3 previously described. In addition, the following bound-
ary conditions also apply:

forz > 0,atn =0:

ph=1 wl=1 (29a)
BxJF F
W = — E(x‘/o — x ) ] 1 2, ceey n (29C)
ot 1
a_;; =_ E(xjo - xP) j=1,2,...,n (29d)
fort > 0,aty=1:
BxJF
Zi—p (30a)
an
Bx})
i A—! (30b)
an

where s = Yn O/Z o = Aw(3x 0/ZxJ-FO) is the sweep ratio
for the MR.

The system of coupled nonlinear partial differential
equations (19)—(24) and accompanying boundary condi-
tions has been solved in MATLAB using the method of
lines.?738 The system of partial differential equations
was converted to a set of ordinary differential equations
by discretizing the spatial derivative in the # direction
using a five-point-biased upwind finite-difference scheme
to approximate the convective term. A fourth-order
central-difference scheme has been used to approximate
the diffusive term. For finite differences, the reactor
volume was divided into n sections with n + 1 nodes.
The initial value ordinary differential equations and
other explicit algebraic equations at a time 7 were
simultaneously solved using ode45.m, a MATLAB built-
in solver for initial value problems for ordinary dif-
ferential equations.

3. Results and Discussion

We report here the behavior of the HAMR and AR at
two temperatures (400 and 480 °C) for which experi-
mental data for the adsorption rates were previously
reported by Ding and Alpay.222” The Xu and
Froment steam-reforming kinetics were used pre-
viously16-20.22,27.29-32 ot temperatures as low as 450 °C.
Previously, our group?® also showed the same kinetics
to be consistent with experimental data generated with
a commercial Ni-based catalyst at temperatures as low
as 450 °C. The applicability of these kinetics at tem-
peratures lower than 450 °C still remains to be proven,
however.

Figure 2 shows the hydrogen yield attained by both
the ARs and HAMRS as a function of dimensionless time
7 for different values of W, /ncH o (Weis the total weight
of the catalyst). The reactor temperature is 480 °C, and
a CH4/H30O/H; feed ratio of 1:3:0.1 is utilized. Steam is
used as the sweep gas. The adsorption rates and
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Figure 2. H, yield for the HAMR and AR systems for different

Table 4. Parameter Values Used in Simulations

parameter value dimension
beo, 1.93 x 10! bar—!
dg 1.00 x 103 m
Da 2.62 — (base case)
Ha 7.01 — (base case)
k 2.00 -
mco, 5.80 x 1071 mol/kg
Pe 5.80 x 1071 — (base case)
P 3.00 bar
PP 2.00 bar
s 1.00 x 1071 — (base case)
T 4.80 x 102 °C (base case)
up 4.06 x 1072 m/s
ug 1.22 x 102 m/s
Uw, 1.54 x 1072 mol/m?-s-bar
Vr/AF 2.54 x 1071 m
Om 2.86 x 102 m2/m3
Be 5.00 x 101 -
Bco, 1.93 x 10 -
y 2.80 x 1071 -
01 1.00 -
09 2.80 x 1072 -
03 2.10 x 1071 -
04 3.55 x 1071 -
eF 4.00 x 1071 —
A 2.67 -
A 5.00 x 1071 -
uf 2.87 x 107 Pa-s
TF 2.50 -
Ta 1.00 x 10t —
Q 1.54 -
w 6.60 x 1071 —

constants are taken directly from Ding and Alpay,?” the
reaction rate constants are from Xu and Froment,® and
the membrane permeances are the experimental values
measured with one of our own SiC membranes. Table 4
lists the values of all of the other parameters utilized
A, Be, w, VR/AF, s, Pg, etc.). Initially, the hydrogen yield
for both reactors reaches high values, but it declines as
the adsorbent becomes saturated and levels off at the
corresponding values for the conventional membrane (in
the case of HAMR) or the plug-flow reactor (in the case
of AR). The HAMR performs significantly better than



0.07

|

N ¢

0.06

0.05 B

—&—HAMR-W/n=50
=4 - AR-W/n=50
=& HAMR-W/n=100
== AR-W/n=100
—4—HAMR-W/n=200
—0= AR-W/m=200
—@—HAMR-W/n=300
=—O- AR-W/m=300

o
13
b~

CO, Mol Fraction
o
8

0.02

0.01

0 10 20 30 40 50 60 70 80 9 100 110 120 130 140 150
Dimensionless Time
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Figure 4. CO concentration (wet basis, in ppm) profiles in the

HAMR permeate-side exit and AR exit for different Wc/ngHvO.

the AR. For the conditions in Figure 2, the catalyst is
sufficiently active that the plug-flow reactor yields (the
AR yields level off at these values) approach equilibrium
(~24.2% under the prevailing conditions) for all of the
four W/n&y; , values utilized. On the other hand, the
yields for the AR and HAMR systems (prior to the
adsorbent saturation) and the MR yields (the HAMR
yields level off at these yields) strongly depend on W,/
nSH (0 increasing as Wongy , increases, as expected.

F1gure 3 shows the CO; feed-side exit concentration
(wet basis) profiles for the HAMR and AR. Low concen-
trations are observed while the adsorbent remains
unsaturated; the concentrations sharply increase, how-
ever, after the adsorbent is saturated. Figure 4 shows
the CO concentration (wet basis) profiles in the perme-
ate-side exit of the HAMR, together with the corre-
sponding exit concentration values for the AR. Clear
from Figure 4 is the advantage that the HAMR system
provides in terms of reduced CO concentrations in the
hydrogen product over the AR system, in addition to
improved hydrogen yields.

A potential disadvantage of the HAMR system, when
compared to the AR system, is that only a fraction of
the hydrogen product ends up in the permeate stream,
while the rest remains mixed with the unreacted CHy
and the CO and CO; products in the feed-side stream.
Figure 5 shows the hydrogen recovery rate, which is
defined as the fraction of the total hydrogen that is
produced in the HAMR that ends up in the permeate
stream, that is, the hydrogen molar flow in the permeate
side divided by the total hydrogen molar flow (feed side
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Figure 5. Hydrogen recovery for the HAMR system at different
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Figure 6. Effect of 5. on the hydrogen yields for both the HAMR
and AR systems.

plus permeate side). The increase in the hydrogen
recovery, shown in Figure 5, coincides with the COq
breakthrough, which results in a sharp decrease in the
molar flow of hydrogen in the feed side (less hydrogen
is produced there because the adsorbent no longer
removes the COq produced). Because the total hydrogen
molar flow rate also declines, hydrogen recovery in-
creases and finally levels off at the corresponding
steady-state (AR or MR) levels. The hydrogen recovery
is, of course, a strong function of the membrane perme-
ation characteristics and the other operating conditions
in the reactor, increasing with increasing membrane
permeance and feed-side pressure. Furthermore, one
must also take into account, when comparing both
reactors, that even for the AR system one must eventu-
ally separate the hydrogen out of the exit stream and
that similar hydrogen losses are likely to occur.

Figure 6 shows the effect of . (the fraction of reactor
volume occupied by catalyst) on the hydrogen yields,
while keeping the total volume occupied by the solids
and the W, /ncH4 o constant. Decreasing f. (i.e., increas-
ing the fraction of sorbent present), while malntalmng
Wonly , constant, has a significant beneficial effect on
the hyélrogen yield and also on the product purity for
both the HAMR and AR systems (see Figure 7 for the
CO content of the hydrogen product).

The effect of using an adsorbent with improved
characteristics is shown in Figure 8. The hydrogen
yields for the HAMR and AR systems are compared for
three values of A, one corresponding to the adsorbent
of Ding and Alpay? (for the reactor temperature and
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Figure 9. Effect of Q on the hydrogen yield.

pressure conditions utilized, this corresponds to A =
2.67) and two other cases with corresponding A values
5 and 10 times larger. A more effective adsorbent
significantly expands the “time window” of operation for
both the AR and HAMR systems before regeneration
must commence. It also significantly increases the
hydrogen yields attained.

The effect of membrane transport characteristics is
shown in Figure 9, where the reactor yields correspond-
ing to four different membranes (i.e., four different
values of Q) are shown. For the SiC membrane used in
the simulations, Q = 1.54. The other three membranes
have Q values that are 0.333, 0.5, and 2 times the base
Q value (because Q is inversely proportional to per-
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Figure 10. Effect of Q on the hydrogen recovery.
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Figure 11. Effect of the sweep ratio on the hydrogen yield.

meance, these Q values correspond to permeances that
are 3, 2, and 0.5 times that of the base case correspond-
ing to Q = 1.54). The HAMR system hydrogen yields
do benefit from increased hydrogen permeance, but the
effect saturates beyond a certain value. Figure 10 shows
the effect that Q has on hydrogen recovery. As expected,
increasing the hydrogen permeance has a very beneficial
effect on hydrogen recovery, with very high hydrogen
recoveries (~87%) attained for 0.333 times the base case
Q. Figure 11 shows the effect of the sweep ratio on the
hydrogen yield of the HAMR system. Increasing the
sweep ratio improves the reactor performance; however,
the effect saturates quickly, as shown in Figure 11.

Figures 12 and 13 show the behavior of the two
systems at 400 °C. Figure 12 shows the hydrogen yield,
while Figure 13 presents the time-averaged CO (wet
basis, in ppm) content for both the HAMR and AR
systems. The average CO purity, Wcol] at the given
operating time #; is calculated by:

fh(P uPy CO)
Weo— ° RT; outlet for HAMR;
“(Pi) dt
0 \RT /outlet
j‘tl(P uyco) ;
0 outle’
Weo— RT_Joutle for AR

1| Pu
0 (RT)outlet dt

The conditions in the figure are such that for a good
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Figure 12. Hydrogen yield at 400 °C.
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Figure 13. Time-averaged CO concentration (wet basis, in ppm)
at 400 °C for the HAMR and AR systems.

fraction of the adsorption/reaction cycle for the HAMR
system the CO content in the hydrogen product stays
below 50 ppm (140 ppm on a dry basis).

4. Conclusions

We have investigated a novel reactor system, termed
the HAMR, for hydrogen production through methane—
steam reforming. The HAMR combines the reaction and
membrane separation steps with adsorption on the
membrane feed or permeate sides. The HAMR system
is of potential interest to pure hydrogen production for
proton exchange membrane (PEM) fuel cells for various
mobile and stationary applications. The reactor char-
acteristics have been investigated for a range of tem-
perature, pressure, and other experimental conditions
relevant to the aforementioned applications and com-
pared with the behavior of the traditional packed-bed
reactor, the conventional MR, and an AR. The HAMR
outperforms all of the other more conventional reactor
systems. It exhibits enhanced methane conversion,
hydrogen yield, and product purity and shows good
promise for reducing the hostile operating conditions of
conventional methane—steam reformers and for meet-
ing the product purity requirements for PEM operation.
The performance of the HAMR system depends on the
various operating parameters, including the reactor
space time, the temperature, and the membrane and
adsorbent properties. Use of more effective adsorbents
results, for example, in increased yields and longer
operational windows. More highly permeable mem-
branes also increase the reactor yield but, more impor-
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tantly, also increase the hydrogen recovery ratio. One
of the key advantages of the HAMR system over the
corresponding AR system (in addition to improvements
in yield) is its ability to deliver a product with a
significantly lower CO content through the use of
membranes, which preferentially allow the permeation
of the hydrogen while excluding CO and other reactants
and products. This may be the primary reason for
adopting such reactors for fuel-cell application, where
a CO-free product is at a premium.

The downside of the HAMR system is, similar to that
for the ARs, in that they require regeneration of the
spent adsorbent and, for continuous operation, they may
require a dual reactor system, where one of the reactors
is in operation while the other reactor is being regener-
ated. In future publications, we will provide experimen-
tal validation of the HAMR system and extend the
model to incorporate adsorbent regeneration.
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Nomenclature

AF = cross-sectional area for the reactor feed side (m?)

AP = cross-sectional area for the reactor permeate side (m2)

bco, = Langmuir model adsorption equilibrium constant
for COy (bar™1)

CJF = gas-phase concentration of species j in the feed side
(kmol/m?3)

C]P = gas-phase concentration of species j in the permeate
side (kmol/m3)

C; = solid-phase concentration of COy (mol/kg)

Cyeq = equilibrium solid-phase concentration of CO; (mol/
kg)

Da = Damkohler number

Df = axial dispersion coefficient in the feed side (m2/s)

DE = axial dispersion coefficient in the permeate side (m?%/

s)
DY = molecular diffusivity in the feed side (m2/s)
Di = molecular diffusivity in the permeate side (m?%/s)
df = membrane inside diameter (m)
dg = particle diameter in the feed side (m)

f¥ = friction factor
F; = molar flux (mol/m?2-s)
8. = gravity conversion factor

Gi = superficial mass flow velocity in the feed side (kg/
m2-s)

@'F = dimensionless adsorption rate for species j

GJ«F = adsorption rate for species j (mol/kg-s)

Ha = Hatta number

k = AF/AP

k., = linear driving force mass-transfer coefficient (s1)

K; = adsorption equilibrium constant for CH4, CO, and H,
(bar™1)

Km0 = dissociative adsorption constant of water

K, = dimensionless kinetic parameter

Keq1, Keq3 = equilibrium constant of reactions I and III in
Table 1 (bar?)

K. = equilibrium constant of reaction I in Table 1

mco, = Langmuir model total adsorbent capacity constant
for COq (mol/kg)

MW; = molecular weight of species j

Np, = Reynolds number for the feed side
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njl:) = inlet molar flow rate for the feed side (mol/s)

nj% = inlet molar flow rate for the permeate side (mol/s)

nJF = molar flow rate for component j in the feed side (mol/
s)
nf = molar flow rate for component j in the permeate side
(mol/s)
fex = molar flow rates at the exit of the reactor for
component i in the feed side (mol/s)
nfex = molar flow rates at the exit of the reactor for
component i in the permeate side
(mol/s)
Pj = inlet feed side pressure (bar)
Pe = Peclet number
PF = feed side pressure (bar)
PJF = partial pressure of component j in the membrane
feed side (bar)

PJP = partial pressure of component j in the membrane
permeate side (bar)

Q5 = volumetric flow rate (m%/s)

R = ideal gas constant (m3-bar/mol-K)

r; = rate of reaction for the ith equation (kmol/kg-s)

r; = dimensionless rate of reaction for the ith equation

R; = reaction rate expression for species j (kmol/kg-s)

R; = dimensionless reaction rate expression for species j

s = sweep ratio

t = time (s)

T = absolute temperature (K)

Ty = reference temperature (K)

ug = superficial flow velocity at the inlet on the feed side
(m/s)

ug = superficial flow velocity at the inlet on the permeate
side (m/s)

u¥ = superficial flow velocity on the feed side (m/s)

uP = superficial flow velocity on the permeate side (m/s)

U, = membrane permeance for component j (mol/m?-bar-
s)

V = reactor volume (m?)

V& = total reactor volume (m?3)

W, = catalyst weight (kg)

Xcu, = methane conversion
F

<

n

%o = inlet mole fraction for species j in the feed side
xj% = inlet mole fraction for species j in the permeate side
xJF = mole fraction for species j in the feed side

P

x; = mole fraction for species j in the permeate side
y; = mole fraction of component j

Yy, = hydrogen yield
Subscripts

0 = entrance condition
ads = adsorbent condition
eq = equilibrium

ex = exit

J = chemical species

Superscripts

F = feed side
P = permeate side

Greek Letters

0, = membrane area per feed-side reactor volume (m%/m3)

o = 1V[VVJ/NIVVH2

pB. = fraction of the reactor volume occupied by catalysts
Beo, = boo,Py

Yy = ety

AH, = heat of adsorption (kJ/mol)
0; = separation factor
e’ = total feed-side bed porosity

eg = bed porosity in the feed side

EF = uF/ug
EP = uPlub
n = V/VR

OF = ¢ AFDY /uf Vi
OF = AFD}/ulVy
6" = C¥/mco,

efeq = Cgeq/mcoz
A = Ha/Da

A = APu{/AFu}

u¥ = viscosity (Pa-s)

E = 106 [(ug)?MWy,Vr/AFg diRT]
pa = adsorbent density (kg/m?)

p. = catalyst density (kg/m?3)

pg = fluid density (kg/m3)

T = kyt

5 = FVp/AFub
To = (Ra)7!

WF = pF/pf
WP = pPr/py

Q = (Da)(Pe)
w = Py/P}
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