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ABSTRACT

Numerical Modeling of Cold Flow and Hot Gas Desulfurization in a Circulating
Fluidized bed.

SECTION1

This work was carried out to understand the behavior of the solid and gas phases
in a CFB riser. Only the riser is modeled as a straight pipe. A model with linear algebraic
approximation to solids viscosity of the form, p, = 5.34¢;, (& is the solids volume
fraction) with an appropriate boundary condition at the wall obtained by approximate
momentum balance solution at the wall to account for the solids recirculation is tested
against experimental results. The work done was to predict the flow patterns in the CFB
risers from available experimental data, including data from a 7.5-cm-ID CFB riser at the
Illinois Institute of Technology and data from a 20.0-cm-ID CFB riser at the Particulate
Solid Research, Inc., facility .

SECTION II

This research aims at modeling the removal of hydrogen sulfide from hot coal
gas using zinc oxide as the sorbent in a circulating fluidized bed and in the process
identifying the parameters that affect the performance of the sulfidation reactor. Two
different gas-solid reaction models, the unreacted shrinking core (USC) and the grain
model were applied to take into account chemical reaction resistances. Also two different
approaches were used to affect the hydrodynamics of the process streams. The first model
takes into account the effect of micro-scale particle clustering by adjusting the gas-

particle drag law and the second one assumes a turbulent core with pseudo-steady state
boundary condition at the wall. A comparison is made with experimental results
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Executive Summary

This report is in two sections. The first section deals with the numerical modeling of the
solid and gas phases in a circulating fluidized-bed reactor (CFB), while the second
section deals with modeling the removal of hydrogen sulfide in a CFB.

The CFB is a transport reactor system. It has many applications in fossil-fuel processing,
including catalytic cracking of naphtha-range petroleum products and power generation
from coal. A CFB consists of a riser, a disengaging cyclone, a standpipe and a feeding
system. The majonty of the conversion occurs in the riser. A CFB is characterized by
high superficial-gas velocities and high solid-recirculation rates. The CFB operates in the
so-called fast-fluidization regime (FFR), between the bubbling/slugging regime and the
dilute-phase-transport regime. In the FFR, the distribution of solid particles is
inhomogeneous, both axially and radially, and there is substantial back-mixing in both
the solid and the gas phases.

In the first section, the goal was to predict the flow patterns of the gas and the solid in the
riser of the CFB. Specifically, we wished to test the linear algebraic approximation of
Miller and Gidaspow (1992) for the solid viscosity, p;. This can be quantified in the
form:
, Hs =N &

with g as the volume fraction of the solid, using an appropriate boundary condition at the
wall of the riser. A generalization of the Navier-Stokes equations for two phases (gas and
solid) was used, with the axial boundary condition for the solid phase at the reactor wall
modified to account for the recirculation of the solids. Available experimental data used
include data from a 7.5-cm ID CFB (Miller, 1991) and a 20-cm ID CFB (Knowlton,
1995). Though the CFBs are of different sizes, the solid and gas used are the same in
both.

Modeling the riser as a straight pipe was found to give a qualitative match with the
experimental data. The viscosity correlation of Miller and Gidaspow.(1992) was found to
be useful, in combination with the two-phase model, in predicting the flow patterns of gas
and solid in the CFB riser. The viscosity was a linear function of the solid volume
fraction (with n = 5.34) and the shear stress was proportional to the shear rate. The
agreement was found to be better when the superficial gas velocity is lower. At larger
superficial gas flow rates, a different solid-viscosity relationship could be required, either
due to a change in the flow regime or due to fines being blown away and only coarse
particles being left in the bed. Modifying the solid boundary condition at the wall of the
reactor seems to be realistic, as it can predict downflow at the wall, as observed in the
experiments.

The simulation results also show that both the radial solid density and the solid flux
increase with decreasing superficial gas velocity, with increasing solid feed flux and with
decreasing riser height, in agreement with the experimental data.

X1ii



In the second section, the goal was to model the removal of hydrogen sulfide from hot
coal gas, using zinc oxide as the sorbent in a CFB. Specifically, we wished to identify the
parameters that affect the performance of the sulfidation process in the CFB.

The removal of hydrogen sulfide to ultralow levels from coal-derived fuel gases at high
temperatures is crucial for the efficient and economical use of coal in the integrated
gasification combined cycle (IGCC), the molten carbonate fuel cell, and other advanced
power-generation systems. The high temperatures improve thermal efficiency and
wastewater treatment but require cheap sorbents that can operate under these conditions
and be regenerated. Zinc oxide is cheap and effective but is inefficient at high
temperatures as it is reduced to elemental zinc, which can volatilize. Hence the reaction
must be stopped and the solid regenerated at small times on stream. However, if a CFB is
used as the reactor, the regeneration can be carried out at the same time in another bed
and the process could be made continuous.

In this part of the work, the grain model was used to describe the reaction kinetics and
MFIX was used for the hydrodynamics. The grain model takes into account the physical
properties of the sorbent and is not numerically exhaustive. MFIX is a general-purpose
model that describes chemical reactions and heat transfer in dense or dilute two-phase
flows, and is capable of handling mass, momentum, energy and species balances in
multiple phases. The results of the numerical simulation were compared to one using the
unreacted shrinking-core model, and also to experimental results.

The results indicate that the important parameters affecting sulfur flow are the purity of
the sorbent and the grain radius. The former indicates the amount of zinc in the solid, and
the latter influences the initial specific surface area and, more importantly, the pressure
drop. The unreacted shrinking-core model appears to be inappropriate for the flow
conditions used. The grain model appropriately describes the reaction kinetics. An
overlapping-grain model might be more comprehensive, but is more complicated than is
required for the current conditions. Two hydrodynamics models are used. In one, the
pressure-drop increase is due to an increase in the solid hold-up; in the other, the increase
is due to increased gas-solid friction. With either, it is possible to predict the pressure
drop and the sulfur capture simultaneously. With the experimental data currently
available, it is not possible to choose among these models. Perhaps a combination could

be used.
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CHAPTER1

INTRODUCTION

1.1 Introduction to CFB

The circulating fluidized bed (CFB) is a transport reactor system. It consists of
four major parts, the riser, the disengaging cyclone, the standpipe and the feeding system
as shown in the figure 1. The riser, where majority of conversion occurs in the core of the
CFB reactor. CFB technology has many applications in fossil fuel processing. Originally
developed for catalytic cracking in the petroleum industry, it has been extended to variety
of uses including coal fired boilers for power generation.

A CFB is characterized by high superficial gas velocity and high solid
recirculation rate through the bed. Squires et al.,1985,1986, have reviewed the subject of
CFB application. The flow regimes in which the CFB is operated is termed as the fast
fluidization regime. It is a regime between the bubbling/ slugging regime and the dilute
phase transport regime (Yerushalmi, et al. 1986). It has been known that the axial and
radial inhomogeneous distribution of solid particles and substantial back mixing of gas
and solids exist in the fast fluidization regime. In dilute fast fluidization regime, solid
particles tend to segregate in relatively large dense clusters. In dense fast fluidization
regime , the gas and the solids move in a core-annulus type of flow patterns (Weisten, et
al., 1986, Bader et al.,1988, Miller 1991). The core-annulus flow can be defined as a low
density, upward, rapidly moving gas-solid core surrounded by a downward, relatively
slower moving , high density annulus near the wall. Also gas-solid flows are a part of

many chemical processes. Thus their study is of importance in design, improvement and



scale up of new and old processes Therefore, the key to a quantitative understanding of
the circulating fluidized beds is the prediction of the flow patterns of the gas and the
solids in the riser. Numerical simulations of these phenomena represent an important part

of this effort to better understand and hence improve these processes.

1.2 Objective

These trials represent the work done to better understand the behavior of the solid
and gas phases at the wall of a CFB riser. Only the riser is modeled as a straight pipe.

The aim was also to test the linear algebraic approximation to solids viscosity of
the form, | = ng;, (Miller & Gidaspow, 1992) with an oppropriate boundary condition
at the wall and compare it with the experimental results. We used a two-phase fluid flow
computational model to predict the gas-solids flow patterns in the riser of CFB. This two
dimensional computational model consisted of a generalization of the Navier-Stoke's
equations for two phases (gas and solids). The axial solids boundary condition at the
wall of the riser was modified by using the approximate momentum balance solution at
the wall to account for the solids recirculation. The work done was to predict the flow
patterns in the CFB risers from available experimental data, including data from a 7.5-
cm-ID CFB riser at the Illinois Institute of Technology (Miller, 1991) and data from a

20.0-cm-ID CFB riser at the Particulate Solid Research, Inc., facility (Knowlton, 1995).
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CHAPTER 11
REVIEW OF LITERATURE

2.1 Introduction

This chapter covers some of the developments in the study of hydrodynamics of
CFBs, and the progress in computational modeling of CFBs.

Many hydrodynamic models, based on fundamental laws of mass, momentum,
energy and species conversion, have been proposed to characterize the relationship
between solids hold-up and gas velocity, solids mass flux, riser geometry and particle
characteristics in the CFB riser since the early 1970's. There are mainly three categories
of models (Harris and Davison, 1994; Berruti et al, 1995). Type I models are one-
dimensional models, based on a mass or momentum balance, predicting only axial solids
suspension density and velbcity profiles. Type II models characterize both radial and
axial solids hold-up and velocity profiles by using empirical approximations (such as
clustering-annular flow model, core-annular flow model) for local flows at different
axial locations. These are still one- dimensional models, based on a core ( or cluster)
mass and annulus mass balances. Type III models are two-dimensional models,
employing the fundamental equations of fluid dynamics to quantify rigorously two-
phase gas-solids flow. Type III models are classified as viscous models, turbulent

models, and kinetic theory models.



2.2 Hydrodynamic Models

Yerushalmi et al. (1976) carried out some of the important experimental work of
the axial solids distribution in the CFB riser. They pointed out high concentration of
solids at the bottom of the riser and discussed the importance of fast fluidization
regime. Rhodes and Geldart (1986) proposed a model that combines existing
entrainment and bed expansion correlations with a system pressure balance. They
treated the dilute phase of a CFB riser as a long extended free board, and used an
entrainment model to explain the observed trends in the variation of axial solids fraction
profiles in the CFB riser when gas velocity and solids mass circulation flux were
changed. Obviously, their approach neglected the contribl.Jtion of the solids downflow at
the wall, and this caused an underestimation of the solids concentration. Bolton and
Davidson ( 1988) extended Rhodes's entrainment model by taking into account a film of
particles falling near the walls. They also measured the downward solids mass flux by
using small protruding scoops. The conclusion was that the downward solids flow rate,
near the wall, declined exponentially with height through the riser and was consistent
with turbulent diffusion of entrained particles from the center to the wall.

Type II models characterize the solids distribution bofh radially and axially.
Yerushalmi et al. (1976) adopted the "clustering" concept, which referred to a larger
pseudo-particle formed from solids agglomeration. Th;a particle terminal velocity of the
cluster is high enough to account for the large solids slip velocity in the experiment.
Using an induced-cluster concept, Horio (1988) extended the model of Nakamura and

Capes (1973) for pneumatic transport to explain the high slip velocity and the annular



flow of solids in fast fluidized beds. Similar suggestions of the cluster formation have
been made by Basu and Nag, (1987).Arastoopour and Gidaspow (1979) modeled fast
fluidization using a cluster concept and a relative velocity model in one dimension.

An extension of the KFIX computer code (Syamlal, 1985) was used to survey the
flow patterns in the CFB riser by Tsuo and Gidaspow ( 1990). Their results showed that
in the less dense regime, the predicted flow consisted of centrally upward moving solids
and downward moving clusters which agree with the experimental observations made
by high speed movies. The model also predicted the radial nonuniformity of solid
density due to the wall cluster. These wall clusters descend at the wall, while the solids
are transported up in the center of the riser. Cluster density increases with an increasing
solid flux, with a decreasing gas velocity, with a decreasing riser radius, or with a
decreasing fine particles mixing.

Micro-scale particle clustering effects in the numerical simulation of a CFB riser
were taken into account (O'Brien and Syamlal, 1994) by lumping drag and viscous
effects together to get a correlation. The experimental observation of the particlé hold-up
was used to adjust the phenomenological gas-solids drag law in the region of low
particle loading and low Reynolds number. These transient simulations were
characterized by rapid formation and disintegrétion of particle strands. The strands move
slowly downward near the wall, but often detach, only to be blown rapidly upward. This
effect intensifies as the particles recycling rate is increased or the gas velocity is

decreased. The net effect, when time averaged, is the development of radial and axial

particle density profiles.



Another kind of approximation is the core-annulus model. Hartge et al. (1986)
adopted the Richardson-Zaki (1954) correlation to calculate the core and annular slip
velocities. Berruti et al. (1989) assumed that the slip velocity in the center was equal to
the particle terminal velocity and the density in the annulus was equal to that at
minimum fluidization, also, the solids descended along the annulus at the particle
terminal velocity. Their model could explain the high slip velocity. Solids velocity
profiles and solids flux profiles across the cross-section of risers were measured by
| Grace (1990), and showed approximately a parabolic distribution radially, with negative
solids velocity at the wall.

The major limitation of type II models is that they need empirical correlations or
data for input, thus, they cannot be used for prediction of the flow structure of the riser.

As reviewed by Berruti et al. (1995), there are three critical points for the type
III models: First, the modeling of the turbulent flow phenomena is very complex and
requires some significant simplifying formulations. Secondly, no single, comprehensive

model has been developed which is valid for all operating conditions and particle

characteristics encountered in CFB risers. F inaliy, some of these models are limited to
the fully developed flow regions of CFB risers only, thus, they give no insight into the
fluid dynamic behavior in the region of developing flow near the riser base.

Sinclair and Jackson (1989) focused on the gas-particle and particle-particle
interactions which did not arise directly from the effects of gas phase turbulence: the
interactions between the mean particle and gas velocity fields, the mean particle
velocity field, and the fluctuation particle velocity component. They assumed that the

momentum of the moving particles was sufficient to carry them through the gas film



and the interaction occurred by direct particle-particle collisions. They predicted
qualitatively the effect of particle-particle collisions which was enough to generate the
pariicle flow segregation in CFB experiments. Quantitative comparison of the
prediction with the experimental data was done by Pita and Sundaresan ( 1991 ). Their
work showed good agreement between the prediction and the experimental data, but the
prediction were usually sensitive to the parameter coefficient of restitution.

The research carried out By Tsuo and Gidaspow (1990) revealed a different style
of type III models that avoid the introduction of turbulence. The model consists of a
generalization of the Navier-Stokes equations for two-phase flow. The formulation
required a solid-viscosity term. Ding and Gidaspow (1990) provided a predictive two-
phase flow model which was derived starting with the Boltzmann equation for velocity
distribution of particles for solids viscosities, and stresses were calculated by
simultaneously solving a fluctuating energy equation for the particle phase. The method
was based on the kinetic theory of granular solids, and the model showed a good
agreement with the experimental data. The work of Gidaspow et al. provided a predictive

method for calculating the solid viscosity based on the kinetic theory.

2.3 Most Recent Work

Experimental and computational study of multiphase gas and particles flow was
carried in a CFB riser by Arastoopour et al (1999). Laser Doppler anemometry was
applied to measure the flow behaviour of FCC catalysts. A typical core annulus flow
with relative velocity between the particles of different size was obtained. A multi fluid

computational fluid dynamics model was developed and verified against the



experimental .results. The flow model was based on the a Eulerian description of the
phases where the kinetic theory of flow patterns forms the turbulence modeling in the
solid phases. The model was generalized for one gas phase and N number of solid phases
to provide a realistic description of particle-size distributions and non-uniform diameter
in gas solid distribution. Each solid phase was characterized by a diameter, a form
factor, density and restitution coefficient. Simulations with one gas and two solid phases
agreed well with the measurements.

Gu (1999) determined an analytical expression of the cluster diameter as the
function of solid fraction, gas-phase viscosity and density. Using this consitutive
relationship, the gas-cluster model predicted the pressure drops along the risers of
several commercial FCC units with reasonable accuracy.

In the paper by Herbert et al. (1999) important representative results have been
presented from last 8 years of CFB study at the Institute of Process Engineering at ETH
Zurich. The physics at work in CFB riser is very complex and is not fully understood yet
so this information could be used by other groups so that the complex fluid dynamic
behaviour of these systems can be better understood.

A predictive model was Adeveloped (Behie et al, 1997) for the fully developed
zone in the circulating fluidized bed riser reactor operating in the fast fluidization
regime. The model accounts for the upward flow of the gas and the solids in the core and
downward flow of the two phases at the annulus.

Sinclair et al. (1997) developed a mathematical model that incorporates the two
mechanisms that gives rise to lateral seggregation of solids : interactions associated with

individual particles based on kinetic theory treatment and interactions associatedwith



collection of particles based on anology with single phase turbulent flows. The effect of
this treatment on the sensitivity of the model predictions to the in elasticity of the
p‘article —particle collisions is explored. The resulting model can predict the expected
segregation patterns for systems characterized by inelastic collisions, as well as many of
the other salient features of vertical gas —solid flows.

Gidaspow and Lu (1996) measured the particle size distribution for a flow of 75 -
um FCC particles in a CFB using video-digital camer technique. A random oscillating
particel velocity was determined from the spread of the particle histograms. This random
velocity was used to compute the powder viscosity with the help of dense-phase kinetic
theory of granular flow. There was excellent agreement between this kinetic-theory
measurement and previous macroscopic viscosity measurements.

Numerical computations were carried out by Ocone et al. (1995) to analyze the
influence of the duct widths on the flow of the gas-solids system in vertical ducts. The
model is also a two-phase model, with the particles being considered as a continuum
characterized by bulk properties. The fluid phase is considered as Newtonian. The
particles phase stress tensor is modeled considering the two phases interacting through a
drag force, and particles interacting with each other through collisions and friction
(rubbing). Also, similarities in the flow structure were analyzed to exploit the possibility
of scaling up based on hydrodynamic analogies. Multiple steady states were observed
when the duct width was increased.

Seu-Kim and Arastoopour (1995) used a modified kinetic theory model to
simulate the FCC particles flow behavior in a CFB riser. They assumed that the shear

stress at the wall to dissipate in the form of the collision of the cohesive particles with
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the wall. They found that as a result of inelastic collision of particles with the wall, FCC
particles formed the larger agglomerates/clusters at the wall and particles having smaller
size were found at the annular region.

The common feature amongst the above computational models was that they were
limited to a narrow operating range and riser geometry and had some of the constituive
relationship based on experiments performed by the researchers . In 1995, a benchmark
modeling effort by ten research groups (Bernard; Sundaresan; Arastoopour and Kim;
Gidéspow, Sun and Johnson; Chaouki, Godfroy and Patience; Pugsley and Berruti;
Rhodes and Wang; O'Brien and Syamlal; and Chen) provided a good perspective of the
state-of-the-art in CFB modeling. These ten groups comprised of either type II or type 111
modelers. Two experimental CFB units of different geometries were used. The predicted
results of each group were compared with the experimental data, including axial pressure
profiles, radial solids mass flux profiles, and radial solids density profiles. The
conclusions were : 1) No single model could predict all the conditions and all the trends
in the data; 2) Type II models shqwed better agreement with experimental data than type
III models; 3) Most models couldn’t properly represent radial solid density and flux
profiles at the high solid mass flux conditions; 4) No model sufficiently predicted the
increase in suspension density at the top of the risers. This benchmark modeling effort
provided a fair representation of the accuracy and applicability of the hydrodynamic

models and it indicated some direction for future development.
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CHAPTER 111
MODEL DESCRIPTION

3.1 Introduction

In the paper by Miller & Gidaspow, 1992, the hydrodynamics of gas-solid flow
was studied in a 7.5 cm acrylic riser with 75 um FCC catalyst particles. It was possible
to determine the viscosity of the gas solid suspension from the data obtained. The
viscosity was found to be a linear function of the volume fraction of the solids and the
shear stress was directly proportional to shear strain rate.

In this study a multi phase fluid flow computational model called MFIX (Multi
phase flow with Interphase exchange) is used to predict flow patterns in CFB risers.
Linear correlation for the solids viscosity is used to match the experimental data and the
same correlation is applied to other flow conditions based on the above investigation.
Boundary condition at the riser wall for the axial solids momentum balance was modified
to account for recirculation of solids in the riser.

MFIX (Syamlal 1994, www.mfix.org) is a general purpose hydrodynamic model
that describes the chemical reactions and heat transfer in dense or dilute fluid-solids
flows typically occurring in energy conversion and chemical processing reactors. The
model is a generalization of the Navier- Stoke's equations for two-phase fluid flow. All
the solid particles were considered identical, characterized by a mean diameter and
density. The gas pressure was considered to exist in the gas phase only and the riser
operates at an isothermal condition. The governing conservation equatiohs being used in

the model are listed in Table 1.
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Table 1. List of Equations in Hydrodynamic Model.

Gas Continuity :

%(egpg)+ V.(egpg§)= 0

Solids Continuity :

3 —
a(esps )+ V.(esps Vs ): 0

Gas momentum balance :

%(egpg;;)+ V.(egpg;g;g)z —VPg +V.‘C=_g—+ Fg (;_S‘—g) +egpg§

- s
Tg —ZegugV vg 2/3sgugV.ng

s, _ 1 T
A% vg —-2-[va +va ]

Solid momentum balance :

2wV epiviv, )= VS e - R - )
S, =20, Vov, ~ 230, Vv, 1 ;p, = 5.34¢, (poise)
viv, = v o]

ve =5V, +Vv, |

Gas Solid Drag Law :

F,=—Pt (063+48,V../Re, [, A
4vid,,

Vo = O.S(A ~0.06Re , + \/(0.06Re 2V +0.12Re, (2B-A)+A? )

where A=¢,"'; B=038¢,'*ife, <085 &B=¢, " ife, >0.85
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MFIX code has the following characteristics: mass and momentum balance
equations for gas and multiple solids phases; a gas phase and two solids phase energy
equations; an arbitrary number of species balance equations for each phase; granular
stress equations based on kinetic theory and frictional flow theory; a user-defined
chemistry subroutine; three dimensional cartesian or cylindrical coordinate systems; non-
uniform mesh size; impermeable and semi permeable internal surfaces; user-friendly
input data files; multiple, single-precision, binary, direct access output files. In addition,
two MFIX post- processor codes animate the results of the calculations and retrieve and

manipulate data from the output files.

3.2 Boundary Condition at the Wall,
The work concerning the near wall behavior was studied with the aid of the
model which arises from the solution of the reduced momentum equation for fully

developed flow with negligible acceleration around the wall region.

O=:;1'—aa:(r’tn)+ﬂ(vg_Vs)_(pshps)esg (1)

On integrating this equation over the two cells at the wall, (R) and (R-1)), as shown in
the figure 2. (For convenience of illustration the cell dimensions in the relevant direction

are assumed constant.)
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Figure 2. Cell Arrangement at a characteristic wall.

Rtg, - R-AR)1R ), =C) ——————~ (2)

where,

Cl =[AR(R_%}B(Vg _Vs)_(ps _pg)esg):l _______ (3)
(R-1)

with the right hand side of the equation (3) evaluated at the fluid cell adjacent to the wall,
(R-1).
This model approximates the stress terms for the two different cells differently, as

shown below,

TRz = fsespsvsrlvsr,

VsR-1 = Vsr-2
Tin. =(~-g _SR=1l T SR-Z
(R-D)z ( su‘s{ AR )

from equation (2) we can write

Virot — Ver_
Rfsespsvsrlvsrl =(R- AR)(_ €l {_ilAR—SRZ— )"‘ Cl
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also, Vg = (VR + Vsr.1)/2.
Averaging the velocity term v, over (R) and (R-1) cells and assuming the positive value
only leads to the quadratic equation of the form,

4C,
Rf.ep

2 2
ViR +2VRVgron) T Vsmron ~

where C; = (R - AR)(- &1, {M )* C,

Solving the quadratic equation gives,

4C,

ViR = ~VsRr-1) t Rfe.p
STSE'S

——————— )

where, negative roots were used as unrealistic results were obtained with positive root.

3.3 Modeling conditions and experimental data used for comparison

Two different sets of CFB risers (IIT 7.5-cm-ID riser and PSRI 20.0-cm-ID riser)
were simulated at different modeling conditions. The simulation results and comparison
with the experimental data are presented in the next chapter.

An experimental study of the gas and solids flow patterns in a 7.5-cm-ID clear
acrylic CFB riser with 75 um FCC catalyst (U.S.260 equilibrium catalyst) particles was
conducted by Miller (1991) at the Illinois Institute of Technology (IIT), for various
superficial gas velocities and solids feed fluxes. Core-annulus flow patterhs were
observed, which could be described as a dilute rising core surrounded by a dense
descending annular region. Four distinct experimental conditions have been chosen for
our modeling study. They are characterized by the following feed conditions:

1) Superficial gas velocity equals 2.89 m/s and solids feed flux equals 12.0 kg/m*-s.
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2) Superficial gas velocity equals 2.89 m/s and solids feed flux equals 20.4 kg/ m®-s.
3) Superficial gas velocity equals 2.89 m/s and solids feed flux equals 32.8 kg/m”s.

4) Superficial gas velocity equals 2.61 m/s and solids feed flux equals 20.4 kg/ m’-s.

Another study in a CFB riser utilizing identical 75 um FCC catalyst (U.S.260
equilibrium catalyst) particles was conducted by Knowlton (1995) at the Particulate Solid
Research, Inc. (PSRI), for various superficial gas velocities and solids feed fluxes. Core-
annulus flow patterns were also observed in the experiments. Three distinct experimental
cases have been chosen for our modeling study. Thesl are characterized by the following

feed conditions:
1) Superficial gas velocity equals 5.2 m/s and solids feed flux equals 489.0 kg/m?-s;
2) Superficial gas velocity equals 7.6 m/s and solids feed flux equals 489.0 kg/m?-s;

3) Superficial gas velocity equals 11.0 m/s and solids feed flux equals 489.0 kg/m?-s;

These two CFB risers are of different geometries and use different operating

conditions. Their only similarity is that they use the same carrier gas and solids catalyst.

The modeling of these units using the same numerical technique, correlations, and
equations etc. could be used to validate the model. Time averaged (40-60 sec.) radial
profiles of solids flux, solids volume fraction and solids density, solids velocity were

obtained after steady state was reached.
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CHAPTER 1V
RESULTS AND DISCUSSION

The operating conditions for the test cases under study for the PSRI and IIT risers

are listed along with the comparison of the simulated results with the experimental data in

this chapter.

4.1 PSRI Riser

The riser is modeled as a 20-cm inner diameter tube, which is 14.2 m high. The

conditions for which the riser is modeled are listed below.

Table I1. Modeling Conditions for PSRI CFB Riser.

Operating conditions 1 2 3
Operating pressure. (kPa) 101.3 101.3 101.3
Operating temperature. (K) 298 298 298
Particle diameter. (um) 75 75 75
Gas feed velocity. (m/s) 5.2 7.6 11.0
Solids Flux. (kg/m’-s) 489 489 489
Void fraction at the inlet. 0.9 0.9 0.9
Riser radius. (m) ' 0.20 0.20 0.20
Particle Density. (kg/m’) 1654.0 1654.0 1654.0
Gas Viscosity. (kg/m-s) 1.8x10° 1.8x10° 1.8x107
Jet radius. (m) 0.10 0.10 0.10
Riser height. (m) 14.2 14.2 14.2
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4.1.1 Effect of Inlet Specifications

While most actual CFB risers would have some form of non-uniform distribution
of solids at the inlet of the riser, the simulations do not account for these non-
uniformities. In the studies conducted, remarkable differences in behavior were observed
with few changes in the inlet configuration and inlet void fraction (solids-distribution).
When the diameter of the inlet coincided with that of the riser, no down-flow was
observed. For naturally occurring downflow, there are no simple outlet conditions that
can be assigned (Tsuo and Gidaspow, 1990). Hence the diameter of the inlet was reduced
to half the diameter of the riser, and the remaining section of the riser bottom, was
specified such as to disable flow across it, as shown in the figure 3. Also a change in the
volume fraction in the region where there is no flow from 0.9 (Inlet Configuration 1) to
0.5 (Inlet Configuration 2) affected the flow profiles significantly as shown in Figures 4

and 5 respectively.

T T T l\'ia;_s outlet

Ri .
< I;-:r » Riser

Jet dia.
aduil

T ? Mass inlet

Figure 3. Riser modeled as a straight pipe with reduced inlet.
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4.1.2 Determination of Friction factor at the wall

With the first test case ( Superficial gas velocity equals 5.2 m/s and solids feed
flux equals 489.0 kg/m’-s.) we matched the downflow at the wall obtained from
experimental data by varying the friction factor. Once that value of friction factor was
obtained we used the same value for modeling all the other conditions and also the same
value of volume fraction (0.5-0.6) was used in the disabled region. The flux and the
volume fraction profiles at height of 3.9 m is shown in figures 6 and 7 respectively. It is
seen that as f is increased the downflow at the wall decreases but there is hardly any
change in the flux profiles except at the wall. Again as seen in the volume fraction

profiles the solids concentration at the wall increases with the decrease in f; .

1500

~ 1200

"é 900 —e—Fs=10
3 600 —w—Fs=5

-] == PSRI Data
2 300 :
- —a—Fs=7
2

2

@

-300
-600

Radial Distance {(¢m)

Figure 6. Effect of friction factor fs [Gas inlet velocity = 5.2 m/s solids inlet flux =
489 kg/m’.s, i, = 5.34ep poise]
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Figure 7. Effect of friction factor fs [Gas inlet velocity = 5.2 m/s solids inlet flux =

489 kg/m’.s, p, = 5.34en, poise]

Thus with f=7 the flux at the wall matches the experimental data and this value will be

used for subsequent modeling.

4.1.3 Comparison of results

For the test case 2 (Superficial gas velocity equals 7.6 m/s, and solids feed flux
equals 489.0. kg/m?-s) with f;=7,and p, = 5.34eg, (pqisej, the results are shown in Figures
8 and 9 respectively. Exact match for the solids flux at the wall is observed for value of
f; determined for the first case. The flux and the volume fraction are under predicted in

the center and there is over prediction around the wall.

22



—e— simulation —»— PSRI experimental Data

0.375
c 03

2

8 0.225

w

§ 0.15 \\ //

3

> 0.075 AN e

-10 -8 -6 -4 -2 0 2 4 6 8 10
Radial Distance (cm)

Figure 8. Radial Profile of Solid Volume Fraction at 3.9 m in the PSRI CFB
riser.[Superficial Gas velocity =7.6m/s; Solids feed flux = 489.0 Kg/m’.s)
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Figure 9. Radial Profile of Solid Flux at 3.9 m in the PSRI CFB riser.[Superficial
Gas velocity = 7.6 m/s; Solids feed flux = 489.0 Kg/m’.s]

For the test case 3 (Superficial gas velocity equals 11.0 m/s, and solids feed flux
equals 489.0 kg/m’-s) with f;=7,and s = 5.34eg; (poise), the flux and the solids volume

fraction profiles are shown in figures 10 and 11 respectively.
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Figure 10. Radial Profile of Solid Volume Fraction at 3.9 m in the PSRI CFB
riser.[Superficial Gas velocity =11.0 m/s; Solids feed flux = 489.0 Kg/m®.s]
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Figure 11. Radial Profile of Solid Volume Fraction at 3.9 m in the PSRI CFB
riser.[Superficial Gas velocity =11.0 m/s; Solids feed flux = 489.0 Kg/m’.s]
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Again here there is still larger under prediction in the center and the downflow at

the wall does not match. This indicates that the model has limitations when the

superficial velocity is high.

4.2 IIT riser

The main parameters of this system are shown in Table III. In this system, the

carrier gas is air, with constant viscosity.

Table II1. Parameters of Air/FCC System of IIT CFB Riser.

Particle Diameter (Average based on Surface Area)
Particle Density

Gas Viscosity

Maximum Solid Volume Fraction

Riser Radius

Jet Radius

Riser Height

Inflow Gas Pressure
Outflow Gas Pressure

Riser Operating Temperature

95.13 ;uﬁ

1654.0 kg/m’

1.8 x 107 kg/m-s
0.4

3. 75 cm

1.905 cm

6.58 m

2.2-3.9 psig
2.5-2.8 psig

294.26 K (70°F)

The modeling conditions of the four distinct cases are shown in Table IV and correspond

to experimental conditions of Miller (1991).
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Table 1V. Modeling conditions for IIT CFB riser.

‘| Operating conditions 1 2 3 4
Superficial gas velocity. (m/s) 2.89 2.89 2.89 2.61
Solids flux. (kg/m’-s) 20.4 12 32.8 20.4
Solids volume fraction at the inlet | 0.006 0.004 0.008 0.05
Inlet gas pressure. (Pa) 123390 120630 123390 126146
Outlet gas pressure. (Pa) 119940 | 118561.8 | 119251.3 | 119940

4.2.1 Comparison of results

The results for these four different cases are shown in figures 12 to 19.
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Figure 12. Radial Profile of Solid Volume Fraction at 1.86 m in the IIT CFB

riser.[Superficial Gas velocity = 2.89 m/s; Solids feed flux = 20.4 Kg/mz.s]
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Figure 13. Radial Profile of Solid Flux at 1.86 m in the IIT CFB riser.[Superficial
Gas velocity = 2.89 m/s; Solids feed flux = 20.4 Kg/mz.s]
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Figure 14. Radial Profile of Solid Volume Fraction at 1.86 m in the IIT CFB
riser.[Superficial Gas velocity = 2.89 m/s; Solids feed flux = 12.0 Kg/m®.s}
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Figure 15. Radial Profile of Solid Flux at 1.86 m in the IIT CFB riser.v[Superficial
Gas velocity = 2.89 m/s; Solids feed flux = 12.0 Kg/m’.s]
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Figure 16. Radial Profile of Solid Volume Fraction at 1.86 m in the IIT CFB
riser.[Superficial Gas velocity = 2.89 m/s; Solids feed flux = 32.8 Kg/m’.s]
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Figure 17. Radial Profile of Solid Flux at 1.86 m in the IIT CFB riser.[Superficial
Gas velocity = 2.89 m/s; Solids feed flux = 32.8 Kg/m’.s]
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Figure 18. Radial Profile of Solid Volume Fraction at 1.86 m in the IIT CFB
riser.[Superficial Gas velocity = 2.61 m/s; Solids feed flux = 20.4 Kg/m®.s]



|+simulation —a—||T experiments ]

400

y 200 ‘ 5%
. X

-600

Solid Flux (kg/m2.sec)
o
4
<
L
4

Radial Distance (cm)

Figure 19. Radial Profile of Solid Flux at 1.86 m in the IIT CFB riser. [Superficial
Gas velocity = 2.61 m/s; Solids feed flux = 20.4 Kg/m’.s]

As seen from the results a good match is oBserved for cases 1( Superficial gas velocity
equals 2.89 m/s and solids feed flux equals 20.4 kg/m’-s.) and 2( Superficial gas velocity
equals 2.89 m/s and solids feed flux equals 12.0 kg/m*-s.)as shown in Figures 12 and 14
respectively. For case 3( Superficial gas velocity equals 2.89 m/s and solids feed flux
equals 32.8 kg/m?-s.) the flux profile follows the experimental data closely around the
center as shown in Figure 17 but not around the wall. For case 4. ( Superficial gas
velocity equals 2.61 m/s and solids feed flux equals 20.4 kg/m?-s.) the solids volume
fraction matches the solids concentration throughout except at the wall as shown in
Figure 18 but the flux prediction is not good as shown in Figure 19. These two cases
(3 and 4) suggest that the same value of friction factor and the linear solids viscosity is
not adequate to predict the flow profiles for all the conditions. But when the superficial
velocity is low a good prediction with tﬁe experimental data is observed.

So to examine some of the reasons that would affect the flow profiles we varied
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the solids viscosity and the diameter of the particle and found that a closer match with the

experimental data could be observed. But we haven’t determined what viscosity

relationship to be used for what flow regime.

4.3 Effect of varying the solids viscosity and the particle diameter on flow profiles

Solids viscosity was chosen of the form s = ng;, where the value of n was

varied to study the effects of change in viscosity on the flow profiles. Thus the effect of

the value of n, varied from 2 to 8 is shown in figures 20 and 21.
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Figure 20. Effect of ‘n’ in ji, = ne, model, gas inlet velocity = 5.2 m/s solids inlet
flux = 489 kg/m’.s
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Figure 21. Effect of ‘n’ in ys = ng; model, gas inlet velocity = 5.2 m/s solids inlet flux
= 489 kg/m™.s

After some time of operation of the CFB, the fines are collected and mostly
heavier particles remain in the bed. Thus the effect of cﬁange in the radial flux and the
solids volume fraction with the particle diameter is examined. A change in the particle
diameter from 95 to 120 um resulted in the expected effects of relative lowering of fluxes

(figures 22and 23). However, the basic shape of the profile did not alter.
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CHAPTER V
CONCLUSION

With the reduced inlet for gas and solids, downflow of solids at the wall is
observed in accordance with the experimental data. Thus modeling the actual riser as a
straight pipe with reduced inlet gives a qualitative match with the experimental data. A
core-annulus type of flow regime was predicted for both CFB risers, which can be
described as a upflow core surrounded by a downflowing annulus. The simulation results
also show that both the radial solids density and solids flux increased with decreasing
superficial gas velocity, with increasing solids feed flux, and with decreasing riser height.
These tendencies agree with the conclusions drawn from the experiments.

The viscosity correlation formulated from the experimental data of Miller (1991)
in combination with the two phase flow model can be used in predicting the gas and
solids flow patterns in CFB risers .The viscosity was a linear function of the solids
volume fraction, and the shear stress wa§ directly proportional to the shear rate.

If the solid phase was in fact a continuum in the sense of gas we could argue
directly from the momentum balance that only surface forces near the wall are important.
Therefore, we can obtain the relationship that shear stress is equal to the friction at the
wall for the axial gas phase momentum balance. But since this is not the case, besides
surface forces, additional forces are also included in the solids phase axial boundary
condition. Thus solids boundary condition at the wall of the riser Which was modified by
using the axial momentum balance at the wall to account for the solids recirculation
seems to be realistic as it can predi'ct downflow at the wall as observed in the

experiments.

34



The model showed a better agreement with experimental data for the first two
cases in both 7.5-cm-ID IIT riser and the 20.0-cm-ID PSRI riser respectively. Also, it
is better when the superﬁcial gas velocity is lower. The model has a limitation in
predicting the flow profiles for all the conditions. One reason for this behavior could be
that a different solid viscosity relationship may be required either due to change in flow
regime or in the case when there is a change in the particle diameter due to fines being
blown away and only course particles remaining in the bed.

The two sets of data are different in that they were obtained from unscaled
CFBs of different sizes. However, the solids and the gas are the same. This study shows
that numericél approaches for the design and scale-up of multiphase flow equipment is

practical and accurate as a design tool.
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Appendix A.
MFIX Sample Subroutines
Sample data file

mfix.dat

#IIT RISER SIMULATION, BASED ON DATA FROM LILU'S THESIS....
#CREATED ON 04/02/2001.
# Run-control section
#
RUN_NAME =lITO2'
DESCRIPTION="IIT RISER CFB Simulation'
RUN_TYPE =new'
UNITS= "cgs'
TIME =0.0
TSTOP = 70.0
DT=1.0E-4 ;
ENERGY_EQ = FALSE.
MODEL B =.TRUE.

# DEF_COR = .TRUE.
SPECIES_EQ = .FALSE. FALSE.

# CALL USR=.TRUE.

#

# Geometry Section

#

COORDINATES = 'cylindrical'
XLENGTH = 3.75

IMAX =10

YLENGTH =658.0

JMAX =100

KMAX =40

ZLENGTH = @(2.0*PI)

DISCRETIZE = 8*2
NORM_g =2.0
NORM_s=2.0

#sugggested by symlal for bicgstab
LEQ_METHOD = 8*2
LEQ_TOL = 8*1.0E-3
LEQ IT = 8*50
TOL_RESID =2.5E-2
TOL_RESID_X = 1.0E-5

#
# Gas-phase Section
#
MU_g0= 1.8E-4
MW_avg =29.0
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#

# Solids-phase Section

#

#

RO s=1.654
D _p=10.009513
e=0.38
Phi=0.0
EP_star = @(1.0-1.016/1.654)

# Initial Conditions Section

#

#

ICX w =00
IC X e =375
ICYs =00
ICY n =658.0
ICZb =00

IC_ Zt =@(2.0*P])
IC_ EP g =095
ICUg =00
IC_V_g =@(289.0/0.95)
ICWg =00
ICUs =00

IC Vs =00
ICW.s =00
IC_P_star = 0.0
IC T g =297.0

# Boundary Conditions Section

#

#

~Jet Grid Exit
BC X_w =00 19 00
BCXe =19 375 3.75
BCYs =00 00 6580
BC.Y_n =00 00 658.0
BC Z b =0.0 0.0 00
BC Z t =@(2.0*PH@(2.0*P1)@(2.0*PI)

BC_TYPE=MI' 'MI 'PO'
BC_EP g=0.996 0.95

BC_ROP_s =@(1.654*0.004) @(1.654*0.05)

BC U g= 0.0 0.0
BC_V g=290.16 0.0

BC_W _g=00 0.0

BC U.s= 0.0 0.0

BC_MASSFLOW_s = @(1.2*PI*7.5*7.5/4) 0.0
BC_ W s= 0.0 0.0

BC_P_g= 1.20630E6 1.20630E6 1.185618E6
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BC T g=297.0 297.0 297.0

BC X w(4) = 3.75
BC X e(4) = 3.75
BC_Y_s(4) = 0.0
BC_ Y n(4) = 658.0
BC_Z b4) = 0.0
BC Z t(4) = @(2.0*PD)
BC TYPEM4) = FSW' ! (only for the gas FSW, but mom bal for solids see set_wall_bc.f)
#
#OUTPUT CONTROL SECTION
#
RES DT=0.2
OUT DT =10.0

SPX_DT= 8*0.2 10.0
USR_DT(1)=0.1
NLOG = 100
FULL_LOG = TRUE.
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Subroutine for setting solids velocity at the wall

Set_wall_bc.f

! Module name: SET_WALL_BC(IER)
! Purpose: Set wall boundary conditions

! Author: M. Syamlal Date: 29-JAN-92
! Reviewer: P. Nicoletti, W. Rogers, S. Venkatesan Date: 29-JAN-92

! Revision Number: 1

! Purpose: Add calculations for mass outflow boundary condition

! Author: M. Syamlal Date: 23-OCT-92

! Reviewer: M. Syamlal Date: 11-DEC-92

! Revision Number: 2

! Purpose:Revised for MFIX 2.0. This sub routine is different from
old set_wall_bc.

! Author: M. Syamlal Date: 18-JUL-96
! Purpose: tried to use Miller's boundary from li tu's file
! Authors: neeraj and dharm Date: 1/13/2000

! Literature/Document References:

Variables referenced: BC_DEFINED, BC_I_w,BC_1 ¢,BC J_s
BC K b,BC K_t,BC_TYPE, TIME, DT, BC_T
BC_V g, BC V gh,BC V_g|, BC_DT_I, BC_ D
! BC PLANE, IMAX2, IMAX?2, KMAX2
! Variables modified: BC_V_g, BC_TIME,LJ,K,lIK, V_g

s,BC_J n,
IME,
T_h,

]
!
t
]
'
!
]
1
]
1
'
!
]
]
! REVISION NUMBER 3.
]
'
]
'
1
!
1
1
1
1
]
! Local variables: L, JK2, 11, 12, J1, J2, K1, K2
1

! AAAAAAAAAAANANAANNNAANANAAANNAANNANAAANNNANANNANAANAANANANANNANNANNNANNNNANNANANA
!
SUBROUTINE SET_WALL_BC(IER)

1...Translated by Pacific-Sierra Research VAST-90 2.06GS5 12:17:31 12/09/98

1...Switches: -xf
]

Modules

USE param
USE param]
USE bc

USE fldvar.
USE geometry
USE indices
USE physprop
USE run

USE funits

IMPLICIT NONE
INCLUDE 'function.inc’




Global Parameters

Dummy Arguments

error index
INTEGER IER

Local Parameters

Local Variables

Local index for boundary condition
INTEGER L

Index for setting V velocity b.c.
INTEGER K2

indices
INTEGER UK, IPJK, M

Starting I index
INTEGER I

Ending I index
INTEGER 2

Starting J index
INTEGER J1

Ending J index
INTEGER ]2

Starting K index
INTEGER K1

Ending K index
INTEGER K2

Set the boundary conditions

DO L = 1, DIMENSION_BC
IF (BC_DEFINED(L)) THEN

! The range of boundary cells

Il =BC_I W(L)
12=BC 1 E(L)
J1=BC_J_S(L)
J2=BC_J N(L)
K1=BC K_B(L)
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K2 =BC K_T(L)

SELECT CASE (BC_TYPE(L))
CASE (FREE_SLIP_WALL')

Set velocities for the range of boundary cells. Use 1.0 as the sign
to make the velocity at the cell equal to that at the fluid cell.

CALL SET_WALL BCI (11, 12, J1, J2, K1, K2, ONE)
CASE (NO_SLIP_WALL')

Set velocities for the range of boundary cells. Use -1.0 as the sign
to make the velocity at the cell equal to that at the fluid cell.

CALL SET_WALL BCl1 (11, 12, J1, J2, K1, K2, (-ONE))

! CASE ('PAR_SLIP_WALL")
! updating the boundary velocity may improve convergence
END SELECT
ENDIF
END DO
RETURN
END SUBROUTINE SET_WALL_BC
]
!
IVVVVVVYVVVVVVVVVVVVYVVVVVVVVVVYVVVVVVVVVVVVVVVYVVVVVVVVVVVVVVVV VY VYV YV
C
Module name: SET WALL BCI(I1, 12,J1,J2,K1, K2, BC_JJ_PSL, SIGN) C
Purpose: Set U, V, and W components for the specified cellsby C
copying the same or negative values from near by fluid cellC

!

!

!

!

!

! Author: M. Syamlal Date: 21-JAN-92 C
! Reviewer:M. Syamlal, S. Venkatesan, P. Nicoletti, Date: 29-JAN-92 C
! W. Rogers C

! (name changed to set_wall_bcl) C

! Revision Number: C

! Purpose: C

! Author: Date: dd-mmm-yy C

! Reviewer: Date: dd-mmm-yy C

! C

!' Literature/Document References: C

! C

! Variables referenced: V_s, W s, U _s C

! C

! Variables modified: [, J, K,V g, W g, U g C
! C

! Local variables: SIGN, LWALL, LFLUID - C
! C

% /\/\/\/\/\/\I\/\/\/\/\I\/\/\/\/\A/\/\/\/\/\/\/\/\/\/\A/\/\/\/\/\/\/\/\/\I\/\/\/\/\l\/\/\/\/\/\/\l\/\/\/\/\A/\/\/\I\/\A/\/\/\/\I\/\/\/\/\C

SUBROUTINE SET WALL_BCI(Il, I2, J1, J2, K1, K2, SIGN)

!...Translated by Pacific-Sierra Research VAST-90 2.06G5 12:17:31 12/09/98
|...Switches: -xf



!
!
!
!
!
!

!

Modules

USE param
USE param]
USE be

USE fldvar
USE geometry
USE indices
USE physprop
USE run

USE funits
USE drag
USE visc_s
USE visc_g

IMPLICIT NONE
INCLUDE 'calc_mu_s.f
INCLUDE 'function.inc'
INCLUDE 'ep_sl.inc'
INCLUDE ‘ep_s2.inc'

Global Parameters

Dummy Arguments

Starting I index
INTEGER 1§

Ending I index
INTEGER 12

Starting J index
INTEGER J1

A Ending J index
INTEGER J2

Starting K index
INTEGER K1

Ending K index
INTEGER K2

Johnson-Jackson boundary condition: 0= no, 1=yes
INTEGER BC_JJ_PSL

Sign with legal values +1 or -1
DOUBLE PRECISION SIGN

Local indices near wall cell
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INTEGER LJLK
INTEGER K, IMJK

! Local index for a fluid cell near the wall cell
INTEGER LFLUID
INTEGER M

103 ok oo oo 3K R oo 0 R K KK K oK K o K K o oo oK R R

! Coefficients for Miller's boundary
DOUBLE PRECISION C1(1:8)
DOUBLE PRECISION C2(1:8)
DOUBLE PRECISION C3(1:8)
M=1
DO 100 K =KI, K2
DO 100J =J1, )2
DO 1001=11,12
UK = FUNIJK(LJ K)
IMIK = IM_OF(IIK)

IF(NOT.WALL_AT(JK)) GOTO 100
]

! Fluid cell at West
]

IF (FLUID_AT (IM_OF (IJK))) THEN

LFLUID = IM_OF (LJK)

! Wall Cell at North

IF ( WALL_AT (JP_OF (1JK) ) ) THEN

V_g (IK) = SIGN * V_g(LFLUID)
C1(1)=(F_gs(LFLUID,M)*(V_g(LFLUID)-V_s(LFLUID,M))-

1.654*981.0*EP_s(LFLUID,M))*(XLENGTH-DX(IMAX1)/2.0)*DX(IMAX]1)

! here we use L = Sg,

C2(1)=-(XLENGTH-DX(IMAX1))*5.0*EP_s(LFLUID,M)*&
(V_Ss(LFLUID,M)-V_s(IM_OF(LFLUID),M))/DX(IMAX1)

C3(1)= EP_s(LFLUID,M)*1.654*XLENGTH

CALL SOLID_SLIP(IJK, SIGN,LFLUID,C1(1),C2(1),C3(1),2)
ENDIF
! Wall Cell at Top
IF ( WALL_AT(KP_OF (1JK) ) ) THEN
W _g (1JK) = SIGN * W_g (LFLUID)
CALL SOLID SLIP (IJK, SIGN,LFLUID,C1(1),C2(1),C3(1),3)
ENDIF
ENDIF
1
! Fluid Cell at East
1
IF (FLUID AT (IP_OF (1JK))) THEN
LFLUID = IP_OF (lJK)
! Wall Cell at North
IF (WALL_AT (JP_OF (UK)) ) THEN
V_g (UK) = SIGN * V_g(LFLUID)
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C1(2)=(F_gs(LFLUID,M)*(V_g(LFLUID)-V_s(LELUID,M))-
1.654*981 0*EP_s(LFLUID,M))*(XLENGTH-DX(IMAX1)/2)*DX(IMAX1)

C2(2)=-(XLENGTH-DX(IMAX1))*5.0*EP_s(LFLUID,M)*&
(V_S(LFLUID,M)-V_s(IM_OF(LFLUID),M)/DX(IMAX1)

C3(2)= EP_s(LFLUIDM)*1.654*XLENGTH

CALL SOLID_SLIP (JK, SIGN,LFLUID,C1(2), C2(2),C3(2),C3(2),2)
ENDIF
! Wall Cell at Top
IF ( WALL_AT(KP_OF (IJK) ) ) THEN
W_g (IJK)=SIGN * W_g (LFLUID)
CALL SOLID_SLIP (IJK, SIGN,LFLUID,C1(2), C2(2),C3(2),3)
ENDIF
ENDIF
]
! Fluid Cell at South
!
IF (FLUID_AT (JM_OF (IJK) ) ) THEN
LFLUID = JM_OF (JK)
! Wall Cell at East
IF (WALL_AT (IP_OF (1JK)) ) THEN
U _g (IK) =SIGN * U_g(LFLUID)
C1(3)=(F _gs(LFLUID,M)*(V_g(LFLUID)-V_s(LFLUID,M))-
1.654*981.0*EP_s(LFLUID,M)*(XLENGTH-DX(IMAX1)/2)*DX(IMAX1)

C2(3)=-(XLENGTH-DX(IMAX1))*5.0*EP_s(LFLUID,M)*&
(V_s(LFLUID,M)-V_s(IM_OF(LFLUID),M))/DX(IMAX1)

C3(3)= EP_s(LFLUID,M)*1.654*XLENGTH

CALL SOLID_SLIP (IJK, SIGN,LFLUID,C1(3), C2(3),C3(3),1)
ENDIF
! Wall Cell at Top
IF ( WALL_AT(KP_OF (IJK) ) ) THEN
W_g (UK) =SIGN * W_g (LFLUID)
CALL SOLID_SLIP (IJK,SIGN,LFLUID,C1(3),C2(3),C3(3),3)
ENDIF '
ENDIF
1
! Fluid Cell at North
1
IF (FLUID_AT (JP_OF (IJK) ) ) THEN
LFLUID =JP_OF (1JK)
! Wall Cell at East
IF ( WALL_AT (IP_OF (1JK) ) ) THEN
U_g (IJK) = SIGN ® U_g(LFLUID)

C1(4)=(F_gs(LFLUID,M)*(V_g(LFLUID)-V_s(LFLUID,M))-
1.654*981.0*EP_s(LFLUID,M))*(XLENGTH-DX(IMAX1)/2)*DX(IMAX1)

C2(4)=-(XLENGTH-DX(IMAX1))*5.0*EP_s(LFLUIDM)*&
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(V_s(LFLUID,M)-V_s(IM_OF(LFLUID),M))/DX(IMAX1)

C3(4)= EP_s(LFLUIDM)*1.654*XLENGTH

CALL SOLID_SLIP (IJK,SIGN,LFLUID,C1(4),C2(4),C3(4),1)
ENDIF
! Wall Cell at Top-
IF ( WALL_AT(KP_OF (lJK) )) THEN
W_g (1JK) = SIGN * W_g (LFLUID)
CALL SOLID_SLIP (1JK,SIGN,LFLUID,C1(4),C2(4),C3(4),3)
ENDIF
ENDIF
!
! Fluid Cell at Bottom
]
IF ( FLUID_AT (KM_OF (1JK) ) ) THEN
LFLUID = KM_OF (1JK)
! Wall Cell at East
IF (WALL_AT (IP_OF (IJK))) THEN
U g (1JK) = SIGN * U _g(LFLUID)
C1(5)=(F_gs(LFLUID,M)*(V_g(LFLUID)-V_s(LFLUID,M))-
1.654*981.0¥EP_s(LFLUID,M))*(XLENGTH-DX(IMAX1)/2)*DX(IMAX1)

C2(5)=-(XLENGTH-DX(IMAX1))*5.0*EP_s(LFLUID,M)*&
(V_S(LFLUID,M)-V_s(IM_OF(LFLUID),M))/DX(IMAX1)

C3(5)= EP_s(LFLUID,M)*1.654*XLENGTH

CALL SOLID_SLIP (1JK,SIGN,LFLUID,CI1(5), C2(5),C3(5),1)
ENDIF
! Wall Cell at North
IF ( WALL AT(JP_OF (IJK) ) ) THEN
V_g (IJK) = SIGN * V_g (LFLUID)
C1(6)=(F_gs(LFLUID,M)*(V_g(LFLUID)-V_s(LFLUID ,M))-
1.654*981.0*EP_s(LFLUID,M))*(XLENGTH-DX(IMAX1)/2)*DX(IMAX1)

C2(6)=-(XLENGTH-DX(IMAX1))*5.0*EP_s(LFLUIDM)*&
(V_s(LFLUID,M)-V_s(IM_OF(LFLUID),M))/DX(IMAX1)

C3(6)= EP_s(LFLUID,M)*1.654*XLENGTH

CALL SOLID_SLIP (JK,SIGN,LFLUID,C1(6),C2(6),C3(6),2)
ENDIF
ENDIF
!
! Fluid Cell at Top
!
IF ( FLUID_AT (KP_OF (lJK) ) ) THEN
LFLUID = KP_OF (1JK)
! Wall Cell at East
IF (WALL_AT (IP_OF (UK) ) ) THEN
U_g (IK) = SIGN * U_g(LFLUID)
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C1(7)=(F_gs(LFLUID,M)*(V_g(LFLUID)-V_s(LFLUID,M))-
1.654*981.0*EP_s(LFLUID,M))*(XLENGTH-DX(IMAX1)/2)*DX(IMAX1)

C2(7)=-(XLENGTH-DX(IMAX1))*5.0*EP_s(LFLUID,M)*&
(V_s(LFLUID,M)-V_s(IM_OF(LFLUID),M))/DX(IMAX1)

C3(7)= EP_s(LFLUID,M)*1.654*XLENGTH

CALL SOLID_SLIP (UK, SIGN,LFLUID,C1(7), C2(7),C3(7),1)
ENDIF
! Wall Cell at North
IF ( WALL_AT(JP_OF (UK)) ) THEN
V_g (IUK) = SIGN * V_g (LFLUID)
C1(8)=(F_gs(LFLUID,M)*(V_g(LFLUID)-V_s(LFLUID,M))-
1.654*981.0*EP_s(LFLUID,M))*(XLENGTH-DX(IMAX1)/2)*DX(IMAX1)

C2(8)=-(XLENGTH-DX(IMAX1))*5.0*EP_s(LFLUID,M)*&
(V_s(LFLUID,M)-V_s(IM_OF(LFLUID),M))/DX(IMAX1)

C3(8)= EP_s(LFLUID,M)*1.654*XLENGTH

CALL SOLID_SLIP (IJK, SIGN,LFLUID,C1(8), C2(8),C3(8),2)
ENDIF
ENDIF
100 CONTINUE
END SUBROUTINE SET_WALL_BCl

SUBROUTINE SOLID_SLIP(IJK1,SIGN,IJK2,CONE,CTWO,CTHREE,LINDX)

]
USE param
USE paraml]
USE be
USE fldvar
USE geometry
USE indices
USE physprop
USE run
USE funits

IMPLICIT NONE
INCLUDE 'function.inc'
Local Variables

First array

DOUBLE PRECISION, DIMENSION(1,1):: ARRAY1, ARRAY?2
DOUBLE PRECISION ARRAY! (DIMENSION_3, *)

Second array
DOUBLE PRECISION ARRAY?2 (DIMENSION_3, *)
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[JK index for the first array

INTEGER DKI1,M,LINDX

IJK index for the second array .

INTEGER K2

DOUBLE PRECISION SIGN

DOUBLE PRECISION CTWO,CONE,CTHREE

110

120

130

IF(LINDX==1)THEN
DO 110 M = I, MMAX
IF (SIGN .EQ. -1.0) THEN
U_s(UK1, M) = -U_s(JK2, M)
ELSE

U_s(IJK1,M)=-U_s(IJK2,M)-SQRT(ABS(4.0*((CONE+CTWO)/(7.0*CTHREE))))
ENDIF
PRINT*,CTWO,CONE
CONTINUE

ELSEIF(LINDX==2)THEN
DO 120 M = 1, MMAX
IF (SIGN .EQ. -1.0) THEN
V_s(UK1, M) =- V_s(IJK2, M)
ELSE

V_s(JK1,M)=-V_s(1JK2,M)-SQRT(ABS(4.0*((CONE+CTWO)/(7.0*CTHREE))))
ENDIF
PRINT*,CTWO,CTHREE
CONTINUE

DO 130 M =1, MMAX
IF (SIGN .EQ. -1.0) THEN
W _s(JK1, M) =-W s(IJK2,M)
ELSE

W_s(IJK1,M)=-W_s(IJK2,M)-SQRT(ABS(4.0*((CONE+CTWO)/(7.0*CTHREE))))
ENDIF
PRINT* CTWO,CTHREE
CONTINUE
ENDIF

RETURN
END SUBROUTINE SOLID_SLIP
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CHAPTER 1

INTRODUCTION

1.1 Introduction to Hot Gas Desulfurization

The removal of hydrogen sulfide to sufficiently low levels from coal derived fuel
gases at elevated temperatures is crucial for the efficient and economic coal utilization in
emerging and advanced power generation systems such as the integrated gasification
combined cycle and the gasification molten carbonate fuel cell. In such processes the coal
is gasified and the gas is cleaned (hydrogen sulfide removal) and combusted in a gas
turbine. This clean up is termed as desulfurization.

Commercial desulfurization processes are based on liquid scrubbing at or below
ambient temperatures resulting in considerable thermal efficiency loss and wastewater
treatment. The implementation of hot gas desulfurization heavily relies on the
development of regenerable sorbent materials that have high sulfur capacity and can
efficiently remove hydrogen sulfide. Structural stability and good mechanical strength are
also desirable features of the sorbent. Previous studies by (Jalan and Wu 1980, Grindley
and Steinfeld, 1981, Flytzani et al., 1985) have investigated the potential use of zinc
oxide as high temperature regenerable sorbent. The desulfurization reaction with zinc
oxide as sorbent is shown below.

ZnOg) + HaS(g) — HyO) + ZnS(y)
Also the use of regenerable sorbents instead of the calcium based gorbents (limestone,
dolomite) for sulfur retention has recently received more attention because of the

problems associated with disposal of large amount of solid wastes generated with non-
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regenerable sorbents. With the use of regenerable solvent, the amount of solid waste is
minimized and the sulfur in the coal can be recovered as commercial product, such as
elemental sulfur.

A major drawback of using zinc oxide is that in highly reducing atmosphere of
coal-derived fuel gases, it is partially reduced to elemental zinc, which at high
temperature is volatile. Consequently, sorbent loss is observed at temperatures above 600
9C. Recently mixed metal oxides have been studied in an effort. to improve the properties
of single oxide sulfur sorbents. Lew, 1987; Flytzani-Stephanopoulos et al., 1987; Lew et
al., 1990 have found that zinc oxide in association with titanium dioxide is reduced more
slowly to volatile zinc than pure zinc oxide. Zinc titanate appears to be a leading sorbent
for high temperature and high-pressure sulfur removal in the fluidized bed reactor§
(Harrison, 1995; Salo et al. 1995). The focus in this work is on the use of zinc oxide as
sorbent for the sulfidation process.

In some of the previous work (Westmoreland et al, 1976; Susan Lew ,
Sarofim,1992 ; Flytzani-Stephanopoulos, Z. Li 1998.) experiments were carried out to
determine the order of the sulfidation reaction with respect to the gas and the ihtrinsic
rate constant with zinc oxide and zinc tit%mates as sorbents. The experiments were
performed in thermo-gravimetric apparatus and the order of the reaction and the intrinsic
rate constant were determined . It was experimentally verified that these experiments
were performed in the absence of both mass transfer and pore diffusional resistances by
varying the gas flow rate, quantity of sample and the particle size. In all these works the

order of the reaction with respect to hydrogen sulfide was found out to be one.
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1.2 Objective

In all the previous works either the parameters for gas solid models for
desulfurization have been described or reactor model using the fluidized bed for the
sulfidation reaction have been described. In case of the fluidized bed, the sorbent has to
be reloaded once all of it is spent . It has to be regenerated in another bed. If a
circulating fluidized bed is used the process would become continuous and the
regeneration can be carried out at the same time in another bed. With this idea hot gas
desulfurization process was modeled in a circulating fluidized bed .

In this study we numerically model hot gas desulfurization in a circulating
fluidized bed. The grain model is used to describe the kinetics for the gas-solid reaction
since it takes into account sorbent’s physical properties and is not numerically
exhaustive. The parameters that affect the sulfur capture in the CFB are to be determined.
A comparison is made with unreacted shrinking core model and to the results from
experiments performed at NETL.

The gas solid reaction model is incorporated into MFIX (Multi phase flow with
Interphase exchange) computer model (Syamlal et al., 1993). MFIX is a general-purpose
hydrodynamic model that describes the chemical reactions and heat transfer in dense or
dilute fluid-solids flows typically occurring in energy conversion and chemical
processing reactors. It is capable of handling mass, momentum, energy and species
balance for multiple phases and can incorporate user defined subroutines in it.The key
area of the work is to identify the parameters that control sulfur capture and their effect

on the hydrodynamics of the flow.
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CHAPTER II
LITERATURE SURVEY

2.1 Introduction

As a part of sulfur removal process development, reactor models are needed for
scale up. A reliable solid conversion model together with reactor mass and energy
balances can be used to predict the performance of a large-scale sulfidation reactor.
Various mathematical models have been reported in the literature for gas-solid
reactions. They can generally be classified as either grain models representing the
structure as an assemblage of very small grains, usually spherical in shape or as pore
models representing the porous solid by a collection of capillaries.

One of the earliest gas-solid reaction model described a solid with overlapping
pores of uniform size randomly distributed in space ( Peterson 1957). Further refinements
of the model were introduced to more closely describe the physical structure of the solid.
This model was extended to include the possibility of solid product formation which
changes the surface area and porosity of the solid (Cavelo and Cunningham, 1970;
Ramachandran and Smith, 1977). Recently the model was expanded to describe the pore
size distribution with randomly overlapping pores (Gavalas, 1980; Bhatia and Perlmutter,
1980 ; Bhatia and Perlmutter, 1983 ). More recently , an overlapping grain model with a
grain size distribution was developed for gas-solid reaction (Sotirchos and Yu, 1988).
Some of the other models which describe the gas solid sulfidation reaction and are slight

modiﬁcatibns of the grain model are available (Lew, 1990; Fenouil and Lynn, 1995;
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Zevenhoven et al., 1996). One of the basic models is the unreacted shrinking core model

( O’. Levenspiel).

2.2 Gas Solid Reaction Models

For the desulfurization reaction

A(g) + bB(s) > ¢C(g) + dD(s), the gas solid models are discussed in brief below .

2.2.1 Unreacted Shrinking Core Model

The model was developed by Kunii and Yagi, 1955. The steps occurring are as follows: -

1. Diffusion of the gaseous reactant through the film surrounding the particle to the
surface of the solid.

2. Penetration and diffusion of the reactant through the blanket of the product to the
surface of unreacted core.

3. Reaction of the gaseous reactant with the solid at this reaction surface.

4. Diffusion of the gaseous product through the blanket of the solid product to the
exterior surface of the solid.

5. Diffusion of the gaseous product through the film surrounding the particle to the main
body of the fluid.

Steps 4 and 5 do not directly contribﬁte to the resistance to the reaction. Thus there are

three resistances, the surface reaction , diffusion through gas film, diffusion through the

product layer, which are in series.
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Conversion time equations are summarized as follows".

tiotat = tfilm alone T tproduct layer alone + treaction alone

R? 2 1
t= PR Xp+ Ps [1-3(I—XB)3+2(1—XB)}+&5—|:1_(1-XB)5:| 2.1)
3bk,Cro ° 6bD,Coro bkC g

3
where X =1 —(%) r. is the radius of the core.

The reaction rate is of the form

Ca
-_r ., =
Mk, +R -1 ) Ar, *D, )+ Rk,

2.2.2 The Grain Model

In grain model (Szekely, 1976) the particle is believed to be made up of grains
and the grains follow the shrinking core model, but the grain size after product formation
may grow or reduce depending on the ratio of the volume occupied by one mole of the

product to that of the reactant. The details of this model are discussed in the section 2.4

2.2.3 Overlapping Grain Model

The porous solid is simulated as an assemblage of grains randomly distributed
in space . The centers of the grains are randomly placed in space with overlapping of
grains permitted . If the solid product occupies more volume than a stoichiometrically

equal volume of the reactant , then overlapping of the product resulting in pore closure

* Detailed model in “Chemical reaction Engineering” by O Levenspiel. Pg. 361-370 second edition
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occurs. In this model ( Sotirchos and Yu, 1988), the porosity and the surface area of the

reaction and pore surfaces at any time are defined as:

0, max
g, =exp|=f [ 171, (t)dr, 2.2)
Y(H
T0,max P
g, =exp|—f j 1,5 Mg (1g)dry (2.3)
10, min
0, max L
S, =F,fe exp J ¥ Mo (rp)dry 2.4)
0, min
0,max
Fy-1
S, =FgexPl: j I no(ro)dro} (2.5)
Y(1)

where & and g, are porosities of the reaction and the pore surfaces respectively. S, and
Sp are surface areas of the reaction and the pore surfaces, respectively. r; and r, are
surface radius of the reaction and the pore surfaces, respectively. F, is the grain shape
factor ( Sphere = 3; Cylinder = 2; plate = 1); ry is the initial grain radius ; f is the
geometric factor( Sphere = 41/3; Cylinder = iLayg; plate = 2A,v;), Lavg and Aavg are average
grain length of the cylinder and average grain surface area of plate like grains,
respectively; mMo(ro)dro is the number of grains per unit volume with radius in the initial
size range of [ro, To + d To]; To, min and To_ max are initial lower and upper grain radius limit;

Y(t) is the lower active reactant grain radius limit. The pore surface makes up the sum of
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solid reactant and the product. The structural expressions can be incorporated into a rate

expression to yield:

= (2.6)

K is the rate constant and D, is the product layer diffusivity. The change in the pore

radius r, is related to reaction surface radius r; by

F,-1
di=-ﬁ[(z-1)efr'g } @.7)

The porosity of the solid (reactant + product) is found by
g, =€) —(Z-1)e, —€) (2.8)

The fractional conversion is calculated as

£y —E
¢ 2.9)

X=(z-1)(1—:z(,)

This model is numerically complex.

2.3 Modeling of Hot Gas Desulfurization

Several different desulfurization systems have been modeled with the grain
model. Gibson and Harrison (1980) and Ranade and Harrison ( 1981) used the grain
model to describe the ZnO-H,S reaction system. In this model the solid is described as
an assemblage of non-overlapping grains reacting independently to each other . Each
grain can be regarded as a shrinking non-porous reactant core. The reaction between the

H,S and ZnO pellets was studied in the microbalance reactor (TGA) between 375 and
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800 °C. Rapid and essentially complete reaction was observed in the temperature range of
600 — 700 °C. Near 800 °C , slow decomposition of ZnO with subsequent zinc
vaporization led to the vapdr phase reaction with ZnS depositing on the pellet exterior
and preventing further reaction. At temperatures below 600 °C the reaction stopped well
before total ZnO conversi.on was obtained. Experimental time — conversion results were
compared to the predicted values obtained by applying grain model. All the grain model
parameters were determined using independent measurements or using literature
c‘orrelations. Good agreement between experiment and prediction was obtained in the
600-700 °C temperature range where pore diffusion provided the predominant resistance,
as shown in Figure 2.1. But deviations were observed at lower temperatures and were
believed due to the grain or product layer diffusion resistance.Around each grain ,
reaction with H,S produces a non-porous sulfide product layer. Thus for the ZnO-H,S
system poorer agreement with the constant grain model was observed (Gibson and
Harrison,1980) which was later improved by incorporating the structural changes due to
reaction and sintering (Ranade and Harrison , 1981).

Susan Lew, Adel Sarofim, Flytzani-Stephanopoulos, 1992 used the overlapping
grain model (equations 2.2 to 2.9 with spherical particles) to describe the sulfidation of
zinc oxide and zihc-titanium oxide powders at temperatures between 400 — 700 °C in
H,S-H;-N; gas mixtures. The resistances to the reaction were due to the surface reaction
and the diffusion through the product layer. The product layer diffusion coefficient was
used as a fitting parameter in the model.

Experiments of sulfidation kinetics of solids confaining various Zn/Ti atomic

ratios were performed in a Cahn System 113-X thermogravimetric analyzer (TGA)
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source:- Susan Lew, Adel Sarofim, Flytzani-Stephanopoulos, 1992.

More recently another desulfurization system was modeled by J.T Konttinen, C.
A. P. Zevenhoven and M. M. Hupa, 1997. They used the unreacted shrinking core model
and the overlapping grain modevl for this purpose. The parameters for the models were
evaluated from ambient pressure tests . The product layer diffusion coefficient was used
as the fitting parameter. A method using above models with the evaluated parameters

was applied to hot gas desulfurization with zinc titanate sorbents in the fluidized bed. A

reasonably good fit with the experimental data was obtained.

The kinetics of the sulfidation with zinc titanate sorbent were determined using
DuPont 951 TGA (Gupta and Gangwal, 1992; Mojtahedi et al., 1996) designed to handle
corrosive gases. Approximately 50 mg of the sorbent in the 100 — 300 pm size range was

used in each experiment . All experiments were conducted at 1.013 bar and sulfidation
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temperatures in the 400-600 °C range were investigated and compared with those
available in the literature.

A unique hig}{ temperature and high pressure reactor system was used to evaluate
candidate sorbents in cyclic sulfidation/ regeneration tests ( Abbasian et al , 1994;
Mojtahedi and Abbasian , 1995a,b). The test unit includes simulated hot coal gas feed
systems and a 7.5 cm diameter fluidized bed reactor associated with process
instrumentation and control devices. In conjunction with cyclic tests the rate of
sulfidation of the zinc titanate sorbents was experimentally determined in kinetic test
where 15 g of zinc titanate was fluidized at typical process condition, 550 — 650 °C and
20 atm.

The models selected to fit the experimental results were:-

1. Unreacted Shrinking core (USC) model with changing effective diffusivity.
In order to account for changing internal structure of the particle , a more general version
of the USC model was used, where effective diffusivity is a function of the overall
particle conversion. This model has been successfully used for modeling of sulfidation
with limestone and dolomite particles (Zevenhoven et al.,1995,1996).

2. The overlapping grain model ( Equations2.2 to 2.9)
The data used for model parameter fitting included two different reactor types and
pressure level ( atmospheric TGA and a pressurized fluidized bed reactor) and three
different sorbents. The sulfur removal reactor operated at high pressure but the data from
the ambient pressure TGA test data were included because they give the temperature

‘dependence of the parameters. The results are summarized in Figures 2.4 to 2.6.

65



) Sorbent A l
1.013 bsar
o8 4 12600 ppmv 1,8

Converson of ZnQ 1o ZnS []

Time [min]

Figure 2.4 Fit of unreacted shrinking core (USC) and overlapping
grain (OG) models into TGA data with sorbent A; 12 000 ppmv
H3S at 400, 500, and 600 °C.

Source :- J.T Konttinen, C. A. P. Zevenhoven and M. M. Hupa, 1997
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Figure2.SUSC and OG model fits into life-cycle fluidized bed
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and 30 (H:0, 10 val %).

Source :- J.T Konttinen, C. A. P. Zevenhoven and M. M. Hupa, 1997
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Figure2.6 Fit .of USC and OG models into solid conversion rate
data produced in a fluidized bed at high pressure with sorbent B,
200 and 1500 ppmv HsS.

Source :- J.T Konttinen, C. A. P. Zevenhoven and M. M. Hupa, 1997

2.4 Detailslof the Grain Model

The gas-solid sulfidation reaction can be represented by the general stoichiometry
A(g) + bB(s) — ¢C(g) + dD(s)
The solid reactant is visualized as being composed of large number of non-porous grains
of regular geometry (i.e. sphere, cylinder, or plate). Each grain reactsrlike a shrinking
core. As the reaction proceeds, the unreacted core decreases in size while maintaining its

original geometric shape. Around the unreacted core , a solid product layer which may
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Rpam'cle

Figure 2.7 Variable size grain model.

be porous or nonporous is developed. Depending on the relative density of the solid

product and the reactant, the overall size of the grain may change.

There are several resistances to the gas-solid reaction rate, such as resistances due to

mass transfer, pore diffusion, product layer diffusion and chemical (surface ) reaction.
The expressions derived for the grain model (Szekely et al. 1976) are based on the

assumpfions of :-

1.Isothermal Reaction

2.First order intrinsic rate with respect to gas concentration

3. Irreversible reaction

4. Equimolar counter-diffusion

5. Pseudo steady state approximation.

6. Structural changes only due to the reaction (i.e. no sintering).
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The rate of disappearance of the reactant A by an irreversible first order surface chemical
reaction is
Ri=kCas | (2.10)
where R, is the reaction rate ( moles per unit time per unit surface area ), k is the
heterogeneous rate constant and Cas is the concentration of the reacting gas at the
surface.

Assuming equimolar counter—diffusion of the reactants and the product species,
the diffusion rate through the product layer is

dC, ~A.D, dC.
dr dr

~A,D, 2.11)

where A is the average cross-sectional diffusion area. The rate can be expressed as

_ De(CAO “Cas )
S r
A

R

(2.12)
dr

r
rrf "
p °P

where Cao is the concentration of the reactant gas in the bulk, A;and A, are the reaction
and the pore surface area ,' respectively, r; and r, is the distance from the center to the

reaction and the pore surface area of the grain, respectively. With the assumption of

pseudo steady state conditions, equations (2.10) and (2.12) can be combined as follows

R, =—— a0 | 2.13)
I,
1 A b dr
K D, rp411:r2

Integrating the rate expression
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CAO CAO
1 A% dr 1 41rr,2[1 1]

(2.14)

K Derp4m2 K D.,4n

I

T,
The rate of reaction of A can be expressed in terms of the rate of disappearance solid, B

based on the area of the shrinking core as follows :-

dr,
bR, =_ps?i? (2.15)

The fractional conversion X, is expressed as

X, =1-[r—') (2.16)

Iy

where 1y is the initial grain radius and r; is the radius of the core of the grain

3
I, = (2.17)
AO,sps
Ay is the initial specific surface area of the sorbent particles.
r) =Zr, +(1-2)t} (2.18)

1p is the radius of the pore surface and Z is the ratio of molar volume of the product to

that of the reactant.

Hence the rate of disappearance of solids can be written as

R (2.19)

solids_l_i l_l
K D,|r, T,
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The unreacted shrinking core model considers only the external surface area of
the particles as the reaction surface area. It does not take into account the change in the
reaction .ratc due to structural changes in the sorbent particles. The grain is less complex
than the overlapping grain model and is more realistic than the unreacted shrinking core
mode! as the sulfidation rate is proportional to the reactive internal surface area of the
porous particles. Hence grain model follows the real physical behavior of the sorbent in
the sulfidation more closely than the unreacted shrinking core model. Also the sorbent
under study has initial porosity of around 0.4 indicating it is sufficiently porous to use the
grain model. The overlapping grain model is comprehensive but it was difficult to
incorporate this model into MFIX since it requires numerical integration which increases
computational complexity. For CFB sulfidation reactor modeling purposes, it is desirable
to have a gas- solid reaction model that is complex enough to take into account the
physical properties of the sorbent but is not numerically exhaustive. Hence both grain
model and the shrinking core model are considered which have been successfully used

for desulfurization and not the overlapping grain model.
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CHAPTER III

IMPLEMENTATION OF THE GRAIN MODEL IN MFIX

3.1 Introduction

The rate expression in MFIX should be based on the volume of the computational
cell. Also the rate expression is based in terms of the mass of the species. The
desulfurization reaction can be expressed in terms of the mass of the species as follows.
Let ‘b’ be the number of grams hydrogen sulfide reacted per gram of vfresh sorbent
reacted.

b = number of grams of H,S reacted.
one gram fresh sorbent.

Thus when ‘b’ grams of H,S combine with one gram of zinc oxide sorbent , 18b/34
grams of H,O will be produced where 18 is the molecular weight of Hzo and 34 of H,S.
Total mass of the reactants = 1 + b and the total mass must be conserved so the amount of
spent sorbent produced = 1 + b — 18b/34 = (1+16b/34).

Hence the desulfurization reaction in terms of mass is

b H,S + Fresh Sorbent (ZnO) — (18b/34) H,0 + (1+16b/34)spent sorbent(ZnS).
Value of ‘b’ can be calculated as follows :-

34 grams (1 gmole) of hydrogen sulfide combines with 82 grams of zinc oxide (1 gmole).

So for pure sorbent b =34/82 =0.414 but since the sorbent has 50% purity, so b = 0.21.
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3.2 Rate expression for the Control Volume

dNHZS _ —AsurbeHZS * 3.1)
1 g |
K D.|r, 1

This form has to be modified according to the requirements of MFIX which uses the
mass of gas per cell volume M, (g/cm3) and the mass fraction of the solid, X;. This is as

shown in the following steps.

dNHIS _ - (Asu.rf/Vccll )b(cnzsvccu)
S B R ¥
K D,|r, 1

Agurface 1S the total external area of the unreacted core of the grain in control volume.

(3.2)

Volume of the sorbent in corhputational cell (Veen) = (1 —-€, )Vce“ (3.3)

where €, is the volume fraction of the gas

The number of particles in control volume at any time = y) 3.4
—nR’
3
R is the radius of the particle.
(1-gg)* 4R
Number of grains per particle = 3 33 3.5)
37

€ is the initial porosity of the sorbent particle.

* Equation is different from Equation 2.13 because the reaction is now based on mass hence term b comes in the numerator
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Therefore total number of grains in the control volume is given as product of equations

(3.4) and (3.5).

(I_Eg)vcell . (1_80)*§RR3 _ (l—eg Xl_EO)vcell

~nR? i1tr03 | gn:ro3

|

(3.6)

Total surface area based on the reaction surface area of the grains in the computational
cell will be the product of area of one grain and the number of grains in the control

volume.

_ 41rrr2 (l B eg Xl —& )Vcell
surf — 4 3

—
30

(3.7)

We are using the core surface area because the resistances in the rate expression are

based on the surface area of the core.

Asuxf - 47”r2(1‘£gxl‘€o)

cell i mg
3

Hence (3.8)

The concentration of hydrogen sulphide in the computational cell is given as follows

Nugs

Chs =
: Egvcell

Ny,s
Therefore, Cy gV =——

g

hence the rate expression becomes
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(320, J1-20) ) Nuss
dN s B rg g, (3.9)

The mass of fully sulfided grain is proportional to the mass of the fresh sorbent grain
according to the stoichiometry.
Mspent = (1+16b/34)Mgesh

Also the ratio of the densities can be calculated as follows

ﬁspcm = MSPﬂ“ /Vg"“m’si’““ =1+ .1_@ i (3 10)
i:iﬁ'esh Mfrcsh / Vgrain,ﬁ'csh 34 rP

Mass of the unreacted core of the grain

T, 4
Mfresh = 4n.[pfreshr2dr = gnpfresh rr3 (3-1 1)
0

At any time the total mass of the grain will be

T I'p
; 4 4 ;

Mgrain = 4n'|‘pfreshr2dr + 4""'5".':)spentr2dr = gnpfresh rl'3 + Enpspent (rp _rr3) (312)
0 A .

Therefore the mass fraction of fresh sorbent inside the grain will

3
= TP fresh I
M¢esn _ 3 e 1

. T ; = 3 (3.13)
spent T Mfresh 5 n:pfreshr3 + 3’ npspent (rp3 - rfj) 1+ ____pspcnt [rL - 1]

3
Presn | Ir

Xfresh=

This will be the same as the mass fraction of the fresh sorbent within the particle which is

what MFIX keeps track of.
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Substituting equation (3.10) in (3.13)

1
3 3
1414125 %
4 |\ o1
3

using equation (3.14) and (2.18) and solving for %

Io

(3.14)

X fresh —

1
~
w

b+ 166 11T 16pY |t 166)| Z
rr Xﬁcsh(l+7) Xﬁ'esh(l+—4—) Xfresh(1+_4—)

=X e Z—l)
16b Z
Xﬁesh [1 +T)

1_Xﬁ'esh 1_Xfresh 1_)(fn:sh I_Z)

(3.15)
=R,_R,_Ratio

Hence the denominator of the rate expression can be expressed in terms of the mass

fraction of the unreacted sorbent.

. . 1 |1 1| 1 |t

Denominator of the rate expression= — — - | — — ~ [= — _ "t |t (3.16)
K D.fr, K D,lr,
From equation (2.16) ,we have
r 1 .
~=(1-X_) =R, R, _Ratio (3.17)
I
combining equations (2.18) and (3.17)
1

r,=r[Z+01-2)1-X,)} (3.18)
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From equation (3.17) and (3.18) we have

* l l
i__r;_[i;-l]_»l n0-XB[_ nl-x)
== ,—
© el B Do nlz0-2)0-x0F
1 I 2 1 1
=R——D—°[(1—Xc)3[Z+(1-Z)(1-XC)T3—(l—Xc)s] (3.19)

Now we are considering the rate expression within the computational cell, so in the rate

expression Ny, ¢ represents the moles of H,S in the computational cell. Multiplying

both the left hand side and the right hand side of the rate expression by the molecular

weight of H,S we have from equations (3.9) and (3.19)

3b(1 g, Yi-g,)*r? My
dMys 1 €,

dt %_é%[(]_xc)é[u(1-z)(1-xc)]‘§-(1—xc)§]

(3.20)

Since MFIX does not track the mass directly, but it can track void fraction, the mass
fraction of the gas and the total mass density of the gas, hence the mass of hydrogen

sulfide can be expressed as follows: My ¢ = .‘:gXHZSpg

Substituting My;s in equation (3.20)

3b(l—e, J1-gy)* 12
dMys _ | rg e
2 ‘ ! !
dt %_I;_o[a_xc)z[ma-z)(l—xc)]—s—(l—xc)s]

(4

(3.21)
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The reaction does not proceed if the partial pressure of hydrogen sulfide is less than the
equilibrium value, so the rate becomes zero. To avoid this discontinuity, instead of
_subs_t»i{u»tin_g» Mhgs in the rate expression we substitute in equation (3.21) the effective
mass of hydrogeﬁ sulphide per cell volume as |

_ _ NfEQLM
MHZS_MHZS MHZS

Mo, Phis EgV

WiH,s ™ H)S

RGTV

cell

EgXH2ng = EgXstpg - using ideal gas law.

cell

This introduces some error into rate expression but that is very small.

_[Bb(l—egXI—eo)*rf ; My PRI
3 HoSP 8 R.T
Myss _ 0 ° J (3.22)
2 1 1
dt i——r‘L[(l—xc)5[2+(1—z)(1—xc)h—(1—Xc)§
K D, ]
b deresh sor dMHZS
dt dt
The final form is as follows
(1-€,Ji-£0)* @ *R,_R,_Ratio)? « Moy s Ph ™
-3 f3 HzSGg - R-.T
0 G
dereshsor = (323)
2 1 1
dt —l-—l‘L[(l—XC)S[Z+(1—z)(1—xc)h—(1-xc)§]
K D,

where X; is as given in equation (2.16)

Gas film resistance can also be added as follows
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EQLM

(-€ J1-€0)*(, *R,_R,_Ratio) M iy Pk
dM - o XusSe " R_T
freshsor _
S X e (-2 =X P —(-x )b | Eo R Ry Ratio) I
| . . M -1=XC )3 |+ 2 K

In_MFIX subroutine rrates.f

RXNAIF
. EQLM
3 (l—t»:gXI—(»:O)*(ro"‘R,_RO_Ratlo)2 X ¢ _MMst H)S
rg HoS P8 RGT
_ (3.24)
,*R,_R, Ratio)’ 1
K

g

K D,

B 1 2 ! !
0 [(1—xc)3[2+(1-z)(1-xc)h—(1-xc)3]+( .
The rates at which the mass of four species change are given as follows

dM
15— _bRXNAIF

deresh sor _RXNAlF
dt dt
Moeer _ (1, 160 osenatr Mo _ 18 XNAIF
dt 34 | dt 34

3.3 Parameters and Constants
The expression for intrinsic chemical reaction rate is by Susan Lew, Adel

Sarofim, Maria Flytzani-Stephanopoulos, “ Sulfidation of Zinc Titanate and Zinc Oxide

Solids.”, Ind. Eng. Chem. Res. Pg. 1890-1899, 1992.

K =1.31exp —~10300 cal/mole E’ﬂ'
RT s
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Since the rate expression is based on the grains so only the product layer diffusion
is considered. In most of the previous work on grain models , the product layer diffusivity
" is used as a fitting parameter. Based on the grain size in consideration, the product layer

diffusivity expression is taken from the paper by P.V Ranade and D.P Harrison, 1981.

D, = 0.00049exp(— 22000 cal/m% T) cm’ foc

To calculate the gas film diffusion coefficient, the correlation developed by D. J.
Gunn, 1978 and modified by M. Syamlal, W. Rogers, and T. J O’Brian ,1993, for MFIX

is used

K = DMNsh (EE)

The expression for the Sherwood number is given as follows

1 ) 1
Ng = (7-0 —10g, +5¢s” {1 +Re®?Sc? )+ (1 33-24¢, +1.2¢.} ){e‘”sd

2RV -V
Sc = H and Re= sorbent g’pg €

- DMpg u

is solids volume fraction.

S

Sc is the Schmidt number and Re is the Reynolds number.

! subroutine attached in Appendix B.
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3.4 Geometry and Operating Conditions

The desulfurization transport reactor is a stainless steel tube which is symmetric
about the axis. The inlet for the gas and the solid is from the bottom and the exit is from
the top. Hot gas desulfurization has been modeled for three different reactor setups as
shown in table I (personal communication, NETL, Morgantown).

The boundary conditions used for all these setups are the mass inlet at the inlet
and pressure outlet at the exit. Free slip wall for both solids and gas are used. The
boundary condition for energy balance is that heat flux at the wall is zero and also
diffusion at the wall is set to be zero. Also with setup C different boundary conditions for
the gas and solids have been tried out such as the solution of momentum balance at the

wall.
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Table I. Reactor setup and parameters.

Reactor variables and

| Setup A~ Setup B Setup C
parameters o
Diameter (cm) 2.08 1.696 0.848
Height (cm) 1155 855 855
Operating pressure (N/mz) 1135606.5 2067850 2067850
Operating temperature (K) 811 811 811
Particle diameter (m) 75 75 80
Solids mass flow rate (g/sec) | 18.9 1.686 0.63
Gas mass flow rate (g/sec) 6.3 1.686 1.686
Solid Density (g/cm®) 1.0 1.0 1.0
% Zinc in the Sorbent 50 30-50 50
Gas Viscosity (g/cm s.) 3.17x10™ 3.17 x10™ 3.17 x10™
Porosity of fresh Sorbent g 0.3 0.3 0.3
Dimensionless Sorbent
71358.0 71358.0 71358.0
equilibrium constant
Initial specific surface area of
5 5000-10000 2000-10000 10000
the fresh sorbent. (cm®/g)
Inlet hot gas composition H,0-5.5%, H,0 -5.5%, H,0 -5.5%, H,S -0.3 %
H,S -0.03% H,S -0.03% N,-48.5 %, C0O»-5.5%,
N; -94.47%. N; -94.47%. CO-24.2 %,H, -14.5 %,

0,-1.5%
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CHAPTER 1V
RESULTS AND DISCUSSION

.'I.‘h“réerd-i‘fi'er:;ent>reéc"t(i>;“srértvtipsr have Vbre_eﬁ;n‘(v)délrewdqté Vd»ert‘enﬁiherzn fhe pravra~mert”e.rsr thét |
affect the sulfur capture. For setup A, the pressure drop across the bed was varied by
adjusting the phenomenological gas/particle drag law' to account for the effect of micro-
scale particle clustering (O'Brien,. and Syamlal, 1993). Also effect of change in the sulfur
capture with the change in initial specific surface area of sorbent particles was studied.
With setup B, the effect of zinc concentration in the sorbent and the initial specific
surface area on sulfur capture was studied. Finally with setup C the effect of pressure
drop on sulfur capture is determined through particle clustering, boundary condition at
the wall, the solids viscosity relationship. Also a comparison is made between the grain
model and the shrinking core model.

For all these setups free slip wall for solids and gas phase have been used except

for setup C where some other boundary condition has been tried.

4.1 Setup A results.

The general trends for solid concentrations and gas and so'list velocity averaged
over entire reactof are shown in Figures 4.1 and 4.2 respectively with 50 % zinc in the
sorbent and initial specific surface area as 10 m?/g. The flux profiles at three different
locations are shown in Figure 4.3. All the profiles are more or less flat indicating a plug

flow kind of behaviour

" Refer to the summary of equations Appendix A.
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Figure 4.1. Variation of solids volume fraction with radial distance. [Setup A]
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Figure 4.2. Variation of solids and gas velocity with radial distance. [Setup A]
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Figure 4.3. Variation of solid flux with radial distance, [Setup A]

The general trend of gas and solid velocity profiles and solids concentration
profile due to clustering effect is shown in Figures 4.4 and 4.5 respectively. It is clear that

the clustering largely affects the solid velocity profile and hence the sulfur capture.

V_gt and V_s1 for C(1) =4000, V_g2and V_s2 for C(1) =400

Velocity (cmi/sec)
w
(=]
o

200 e e

Radial Distance (cm)

Figure 4.4. Effect of cluster correction on the radial gas and solids velocities.
[Setup A]
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Figure 4.5, Effect of cluster correction on solids volume fraction. [Setup A}

The effect of pressure drop with sulfur capture for clustering effect is highlighted

in Figure 4.6.

[—0— Initial specific surface area =10 m2/g —l— Initial specific surface area = § m2/g
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Figure 4.6. Effect of pressure drop on sulfur capture. [Setup A)
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4.2 Setup B results

For Setup B the effect of change in the sulfur capture with the change in initial
specific surface area of sorbent particles and percentage zinc in the sorbent was studied.
The pressure drop was kept constant at 1400 N/m?.

Effects of initial specific surface area and sorbent purity on the sulfur capture.

The initial specific surface area determines the initial grain radius , smaller the
radius greater the number of grains and hence larger sulfur capture. The initial specific
surface area was varied between 2 — 10 mz/g and the zinc mass fraction in the sorbent

was varied between 0.3 to 0.5 and corresponding sulfur capture was plotted as shown in

Figure 4.7.
100.0
d
< 80.0
E —9—30% Zinc
2 60.0 / —8—40% Zinc
O 400 —&— 50% Zinc
E &
= 200
[7,]
0.0 R T T L) ]
0 2 4 6 8 10 12
Initial Specific surface area (m2/g)

Figure 4.7, Effect of initial specific surface area and sorbent purity on the
sulfur capture. [Setup B]

The solid volume fraction and the velocity profiles averaged over the entire

reactor are shown in Figures 4.8 and 4.9 respectively. The solids flux profiles at three
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different heights are shown in Figure 4.10. There is not much change in the flux profiles

at different heights indicating that the flow is fully developed .
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Figure 4.8. Variation of solids volume fraction with radial distance. [Setup B]
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Figure 4.9. Variation of gas and solid velocity with radial distance. [Setup B}
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Figure 4.10. Variation of solid flux with radial distance. [Setup B]
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4.3 Setup C results

This is the exact setup for which experiments were performed in NETL,
Morgantown whose results are yet to be released. A sulfur capture of around 90% for a
pressure drop of around 4000 -7000 N/m’ was observed for this setup (personal
communication).

With Setup C the pressure drop was varied by adjusting the phenomenological
gas/particle drag law? to account for the effect of micro-scale particle clustering (O'Brien,
and Syamlal, 1993). The initial specific surface area of the sorbent was 10 m*/g and zinc
mass fraction in it was 0.5.

With this setup, the boundary condition at the wall was varied along with the
solids viscosity to determine its effect on the flow profile and sulfur capture.

Also a comparison between the grain model and the shrinking core model for gas-

solid reaction was made with this setup.

4.3.1 Effect of pressure drop across the reactor on the sulfur capture.
By increasing the correction factor in the gas/particle drag law, the slip velocity
can be varied which in turn causes an increase in the pressure drop. With the increase in

the pressure drop, the solids concentration increases and hence the sulfur capture. This is

shown in Figures 4.11,4.12 and 4.13.

! Refer to the summary of equations.
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Figure 4.11. Effect of Pressure drop on sulfur capture. [Setup C]
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Figure 4.12. Variation of sulfur capture with solids volume fraction. [Setup C]
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Figure 4.13.Variation of sulfur capture with slip velocity. [Setup C]

From these plots for high sulfur capture a high slip velocity is required with the
average solid concentration less than 5 %. The solid volume fraction and the velocity
profiles for a pressure drop of 1400 N/m?® averaged over the entire reactor for Setup C
are shown in Figures 4.14 and 4.15, respectively. The flux profiles at three different
heights are shown in Figure 4.16. These profiles have been obtained by correcting the gas

solid drag to account for clustering. This is the general trend of profiles for different

pressure drops.
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Figure 4.14. Variation of solids volume fraction with radial distance. [Setup C]
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Figure 4.15. Variation of gas and solid velocity with radial distance. [Setup C]
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Figure 4.16. Variation of solids flux with radial distance. [Setup C]

The solids volume fraction profile shows more solids at the center and then
gradual increase towards the wall. One reason could be the clustering effect is more

pronounced at the center but that needs to be investigated. Also a general trend of high

93



slip is observed with cluster correction. The flux profile at the inlet is sharp but with the

increase in the height the profile flattens out indicating that the flow has developed .

4.3.2 Effect of boundary condition at the wall and solid§ wscosny on the sulfur
capture
We believe that the flow pattern inside the CFB absorber is like core-annulus
flow. Hence in the annulus region where there are minimum acceleration effects, the gas
and solid phase velocities at the wall were obtained by equating the drag force with the
weight of the respective phases. The results with this kind of boundary condition are
shown below.
Case 1. The above mentioned boundary condition at the wall only for solids and

free slip wall for the gas phase yielded the results shown in Figures 4.17 and 4.18. The

algebraic expression for solids viscosity was used (Miller, 1992). The solids viscosity of

the form, p, = 5.34€; was used.
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Figure 4.17. Variation of gas and solid velocity with radial distance. Effect of gas
solid boundary condition. [Setup C]
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Figure 4.18. Variation of solids volume fraction with radial distance. [Setup C]

The results showed a sulfur capture of 27% and a large pressure drop of around 17200
N/m’. High solids concentration at the center was predicted where minimum slip was
observed. |
Case 2. The above mentioned boundary condition at the wall for both solids and
gas phase at wall yielded the velocity and solids concentration profiles as shown in

figures 4.19 and 4.20 respectively. The algebraic model for solids viscosity was used.
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Figure 4.19. Variation of gas and solid velocity with radial distance. Effect of gas-
solid boundary condition. [Setup C]
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Figure 4.20. Variation of solids volume fraction with radial distance Effect of gas-
solid boundary condition. [Setup C]

With this BC the solids concentration at the wall went up as the slip velocity near the
wall was reduced. A sulfur capture of around 34 % was predicted with a pressure drop of

16900 N/m>which is lower than that obtained in case 1.
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Case 3. Several other boundary conditions at the wall were tried but the solids

_concentration at the center was always higher than that around the wall. This led us to

il;versti;gate.inv tﬂe ‘.cl-ir‘eciio;l ‘of changmg “thé ﬂvis-c'osityr based oﬁ \}olurhe‘, fracti;)ﬁ and see
the effect on sulfur capture. The same boundary >condition as in case 2 was used and
viscosity expression of the type :-

Ms = 5.38e,+ 0.8 if £,<0.02

Us = 5.38¢ if & >0.02

was used and the results were plotted. This resulted in an expected solids concentration

profile as shown in the figure 4.21.
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Figure 4.21. Variation of solid volume fraction with radial distance. Effect of gas-
solid boundary condition and solid viscosity. [Setup C]

The velocity profile (Figure 4.22) also changed from earlier cases with large slip

in the center. Sulfur capture of 68% at a pressure drop of 10540 N/m” was predicted. The
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sulfur capture was doubled and the pressure drop was reduced by 40 % in comparison

with case 2.

~ 1600 e R
1150
700 /

20 Ziz._‘*ﬁ_ﬁ.\b‘x

-200
-0424 -0318 -0.212 -0.106 0 0.106  0.212 0318 0424

Velocity (cm/sec

Radial Distance ( cm)

Figure 4.22. Variation of gas and solid velocity with radial distance. Effect of gas
solid boundary condition and solid viscosity. [Setup C]

The boundary condition at the wall and the solid viscosity model affect the gas—solid

hydrodynamics. This in turn affects the sulfur capture and the pressure drop inside the

sulfidation reactor.

4.3.3 Effect of the gas-solid reaction model on the sulfur capture.

With setup C the results using unreacted shrinking core model and the grain
model for gas solid reaction are shown in figures 4.23 and 4.24. The parameters used are
listed earlier but the intrinsic reaction rate for unreacted shrinking core model was
multiplied by a factor of 30 to account for the reaction rate based on the external surface
area of the particle as the ratio of internal to external surface area of the sorbent under
study was 30. Thé solids volume fractions predicted for the two reaction models were

more or less the same. Since the operating conditions were same only difference observed
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should be in the kinetics only which was verified from the sulfur capture for the two
models. The sulfur capture for USC was around 8.4 % and that for the grain model was

21.4% for the same pressure drop of around 1000 N/m” across the CFB..

—
0.02
1
2
S 0.015
=
@ ® Grain Model
E on
.g W USC Model
-
4 0.005
E Cme ONO ON® ONO ome *at Omy ome
0 T T T T T T
-0.42 -0.32 -0.21 -0.11 0 0.106 0.212 0.318 0.424
Radial Distance (cm)

Figure 4.23. Variation of solids volume fraction with radial distance. A comparison
between the grain model and the unreacted shrinking core model. [Setup C]
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Figure 4.24. Variation of hydrogen sulfide mass fraction along the height of the
CFB. A comparison between the grain model and the unreacted shrinking core

model. [Setup C]
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Based on experiments performed at NETL, Morgantown, whose results are not

yet released, sulfur capture of around 80-90 % was observed for a pressure drop of 4000-

7000 N/m® (personal communication). The results from cluster correction with grain

model show a capture of around 80% for pressure drop of 3200 N/m?. Also, the
assumption of a turbulent core with pseudo steady state boundary condition at the wall

gave a capture of around 70% for pressure drop of 10500 N/m?.
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CHAPTER V

CONCLUSION

~ Grain model appears to appropriately describe the reaction kinetics the transport -
reactor. Althbugh the overlapping grain model would be more comprehensive, its use is
associated with numerical complexity and thus is not required for these experimental
conditions. The unreacted shrinking core model appears to be inappropriate for these
flow conditions as the sulfur capture efficiency obtained is lower than in the grain model
for same operating conditions. Two hydrodynamic models combined with the grain
model provide results close to the experimentally reported data. Based on experiments
performed at NETL, Morgantown, whose results are not yet released, sulfur capture of
‘around 80-90 % was observed for a pressure drop of 4000-7000 N/m?. The results from
cluster correction with grain model show a capture of around 80% for pressure drop of
3200 N/m>. Also, the assumption of a turbulent core with pseudo steady state boundary
condition at the wall gave a capture of around 70% for pressure drop of 10500 N/m?.
Although the exact form of eddy viscosity that should be used is not determined, further
investigation is required in that direction. The pressure drop across the bed is a critical
parameter that governs sulfur capture. The first model causes an increase in pressure drop
due to increase in the solids hold up, hence causing an increase in sulfur capture
efficiency. The other approach causes an increase in the pressure drop due to more gas
solid friction and hence causing a larger sulfur capture. With these models it was
possible to predict the pressure drop and sulfur capture simultaneously with sufficient
accuracy. However, in the absence of experimental data it is difﬂcult‘ to choose between

the two models. Perhaps, the true hydrodynamic model could be a combination of these
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two models. Some of the parameters that affect sulfur capture were identified. Those

parameters being the purity of the sorbent, which indicates the amount of zinc in the

_sorbent; the grain radius, which is dependent on the initial specific surface area and most

importantly the pressure drop. Although the grain radius and the zinc concentration in the
sorbent were obvious parameters but they affect the sulfur capture by a large extent. For
the grain model the increase in the initial specific surface area of the sorbent causes

almost a linear increase in the sulfur capture.
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Appendix A.

Summary of Equations :

Desulfurization reaction:

bH,S + fresh sorbent(ZnO) — (1 8b/34) H20 + (1 +16b/34)spent sorbent(ZnS).
b =grams of H,S reacting per gram of fresh sorbent.

Gas Continuity :

%(egpg )+ V.(egpg g)= rate of production of gaseous species = 18bRg/34 - bRg

3rr2(1—ng1—eo) CH,s 3(1-—8 ) CH,s
g 2
3 € R £
© £ ;Rg(USC)= 5

R, (grain model) =
) L] 1R [L_L]+R2
K Delrp 1o Kg Degr [R 1r rr2K

K =1.3lexp — 10300 cal/mole m; De = 0.00049¢x —22000cal/mole ) cm
RT S RT S

2 Dy sN
Deff=0-001(T/273)1/2 ‘m g, =M 'sh cm
S dp S

Solids Continuity :

% (egps )+ V.(ssps \:)z rate of production of solid species = (1+16b/34)Rg —Rg

Gas momentum balance:

%(egpg Vg J+ Viegpgvgvg)= ~VP_ + Vg +Fy (vo-vg ) +egpgi - (16bRg/34)vg

= _ s =

stg = %[va + vaT]
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Solid momentum balance:

Y — — — - — —
é;(e PsVs)+ V-(EsPsVsVs)= VS, +e,p,8-F, (vs -V )+(16bR 134)v,
é;: 2u, Vv, =2/3u V., 1 ;i =5.34¢ and from kinetic theory.

A =§[Vvs + Vv, ];

Gas species balance :

a —
g(egpgxgn )+ V'(Egpgxgn Ve )= Ren

Solids species balance :

o _
é—t. (esmpsmxsmn )+ V'(Esmpsr'nxsmn Vsm )= Rsmn

Gas solid drag:
3e, 3 py
= Re,
e 4v2id, o Vim/ }

v, = O.S(A ~0.06Re,, ++/(0.06Re,, ) +0.12Re,, (2B~ A)+ A’ )*

*(1.0+C(1) exp(-0.005(Re,, -5.0)* -90.0(g, -0.92)*)Re, (1-¢,))
Where C(1) is the correction factor which accounts for clustering

A=g,*"; B=08e,'"ife, <085 &B=¢,*ife, >0.85
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Appendix B.
MFIX Sample Subroutines

_Sample Data File .~~~
mfix.dat . .. .. .- .. . .. ... - o _

# Run-control section
#

RUN_NAME = 'HOT GAS DESULP"
DESCRIPTION ="'RXN H2S REMOVAL'
RUN_TYPE = 'restart_1'

UNITS = 'cgs’

TIME =0.0

TSTOP = 50.0

DT = 1.0E-4

ENERGY_EQ =.TRUE.
SPECIES_EQ(0) = .TRUE.
SPECIES_EQ(1)= .TRUE.
MODEL B =.TRUE.

DISCRETIZE = §*2

CALL_USR =.TRUE.

NORM g=5.0

NORM_s =10.0

# Geometry Section
#
COORDINATES = 'Cylindrical'

IMAX = 8
XLENGTH = 0.424

JMAX =285
YLENGTH = 855.0

KMAX =4
ZLENGTH = @(2.0*PI)

# NO_K =.TRUE.

# Gas-phase Section

4 :
NMAX(0)=3
MW_g(1)=28.0
MW_g(2)=18.0
MW _g(3)=34.0

MU_g0 = 3.17E-4
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# K g0=3.17E-4
# MW_avg =29,
#
# Solids-phase Section
#
MMAX =1

~ NMAX(M)=2

RO s(1) =1.0
MW s(1,1)= 47.0
MW s(1,2)= 47.0

# K s0=8.17E-4
D p(1) =0.008000
ur_fac(2)=0.1
ur_fac(7) = 0.25
ur_fac(4) =0.25

Ce =09
ew =06
Phi =0.0

EP star =0.385
TOL_RESID =0.09

# DETECT STALL = .FALSE.

# DT_FAC=I

# Initial Conditions Section
#

IC_X_w(1) = 0.0
IC_X _e(1) = 0.424
IC_Y_s(1) = 0.0
IC_Y_n(l) = 855.0
1IC_Z b(1) = 0.0
IC_Z (1) = @(2.0*PI)
IC_EP g(1) = 0.986
IC_U_g(1) = 0.0
IC_V g(1) =690.00
IC_W_g(1) = 00
IC_ U.s(1,1) = 0.0
IC_V_s(1,1) = 49.73
IC_W_s(1,l) = 00
IC_X_ g(1,1) = 0.9597
IC_X g(1,2) = 0.0361
IC X g(1,3) = 0.0042
IC X s(1,1,1) = 0.99
IC_X s(1,1,2) = 0.01
IC_P_star 0.0
IC_T g(1) =811.0
IC_T _s(1,1) = 811.0

# Boundary Conditions Section

#
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D
=

(2]

-

BC X wl) = 00
BC X e(l) = 0212
BC Y s(1) = 00
BCYn(l) = 00
o BC Zb(1) = 00
BC Z t(l). . =
BC TYPE(l) = 'MI
BC EP g(1) = 0986
BC U gl) = 00
BC_MASSFLOW g(1) =  1.686
BC Wg() = 00
BC Us(1,l) = 00

BC_MASSFLOW s(1,1)= 0.63
BC_MASSFLOW s(1,2)= 0.0

BC_ W s(1,1) = 0.0
BC P g(1) = 20.678571E6
BC T g(l) = 811.0
BC_T s(1,1) = 811.0
BC_X g(1,1) = 09597
BC X g(1,2) = 0.0361
BC_X g(1,3) = 0.0042
BC_X s(1,1,1) = 0.99
BC X s(1,12) = 0.01

! Outlet
BC X w(2) = 0.0
BC_ X e(2) = 0424
BC_Y s2) = 8550
BC Y n2 = 8550
BC Z b(2) = 0.0
BC Z t1(2) = @(2.0*PD)
BC_TYPER) = 'PO’
BC P g2 = 20.678571E6
! wall
BC_ X w(3) =. 0424
BC X e(3) = 0424
BC Y s(3) = 0.0
BC Y n(3) = 855.0
BC Z b(3) = 0.0
BC Z t(3) = @(2.0*P])
BC TYPE(3) = 'FSW'

BC hw T g(3)= 0.0
BC hw T s(3,1)= 0.0
BC C.T g3)= 0.0

_@Q@o*py T
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BC_ C T s3,)= 0.0

BC hw X g(3,1)= 0.0
BC hw X g(32)= 0.0
BC hw X g(33)= 0.0

—
A l
il

BC hw_X_s(3,1, 0.0
 BChwXs3l2= 00
_BCCXgB3)=_ 00 .. o oo
BC C X g(32)= 0.0
BC C X g(33)= 00
BC C X_s3,1,)= 0.0
BC C X s3,1,2)= 0.0

BC Tw g(3)= 811.0
BC Tw_s(3,1)=  811.0
BC T g(3)= 811.0
BC T s(3,1)=  811.0

#OUTPUT CONTROL SECTION

RES DT=0.2

OUT_DT=1.0
]
'EP g Pg Ug Us ROPsT g Xg
! P star V. g Vs Tsl Xs
! Wg W T s2

SPX DT = 9*0.2

USR_DT(1)=0.5

NLOG =25

FULL_LOG = .TRUE.
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Reaction Chemistry Subroutine
rrates.f

VVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVVV

+-Module name: RR_ATES(IER) ””” T T TSI U T ST S O e

Purpose: Calculate reaction rates for various reactions in cell uk st
Author: Date:

! Reviewer: Date:

! Revision Number: _

! Purpose: Grain model reaction kinetics

!

!

1

]

!

!

!

! Author: Neeraj Date: 08/2001
! Reviewer: Date: dd-mmm-yy

! Literature/Document References

! Variables referenced: MMAX, UK, T g, T s1,D_p,X g, X s, EP_g,
! P_g, HOR g, HOR_

! Variables modified: M, N, R_gp, R_sp, RoX_gc, RoX_sc, SUM_R _g
! SUM R s

! Local variables
!/\/\/\/\/\I\A/\/\/\/\/\/\I\MAAAAAAAAA/\/\/\/\AAAMAAAAA/\AAAA/\/\/\/\/\/\/\/\/\/\/\/\/\/\/\/\/\/\/\/\/\/\A/\/\/\
! SUBROUTINE RRATES(IER)

!...Translated by Pacific-Sierra Research VAST-90 2.06G5 12:17:31 12/09/98

...Switches: -xf

!
!
!
! .
! Modules
!

USE param
USE paraml
USE parallel
USE fldvar
USE rxns
USE energy
USE geometry
USE run
USE indices
USE physprop
USE constant
USE funits

! USE usr

IMPLICIT NONE

Global Parameters

Dummy Arguments

Error index
INTEGER IER
" Local phase and species indices
! INTEGER L,LM,M,N
! cell index
! INTEGER 1K

DOUBLE PRECISION R_tmp(0:MMAX, 0:MMAX)
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DOUBLE PRECISION resist,Dpl,B

! INCLUDE 'function.inc'

! INCLUDE usrnlst.inc'

! DIMENSION_RXN=1

~_ DOUBLE PRECISION R_02
 PARAMETER(R_02=82.06/32.) " _

DOUBLE PRECISION MAX _TEMP
PARAMETER(MAX TEMP=2500.)
DOUBLE PRECISION MAX_TSORB
PARAMETER(MAX TSORB=1173))
LOGICAL COMPARE
INTEGER L,LM,IJK,M,N
DOUBLE PRECISION TGS1X,TGX, TSI1X,TSORBI1,RXNAIB,RXNAIF,EP sl ,FAC,&
PATM,PATM_MW,PH20,PN2,PH2S,PH2S _EQLM,Denom_ejb, Numer_ejb,K_film,&
Rc_Rp_Ratio,Rr_Ro_Ratiocube,Rr_Ro_Ratio,K_rxn,Diff M,Diff Total,&
Rho_Ratio,b_stoich,A_factor,E_activation,H_rxn,K_EQLM,F_g Heat,&
A_ratio,ro,Xc,Rp,addnum,De

INCLUDE 'function.inc'
INCLUDE 'ep_sl.inc'
INCLUDE 'ep_s2.inc'
Rho_Ratio=1.01 ! ( 1+ 16b/4)
R _temp = UNDEFINED

b_stoich=0.21 1C(18)
A_factor=0.11 1C(19)

E activation=7240.0 1C(20)

H mxn=-92. 1C(21H
K_EQLM=71358. 1C(22)
F g Heat=0.5 1C(23)
A_ratio= 30.0 1C(24)

!

! --- Remember to include all the local variables here for parallel
! ---- processing

'$omp parallel do private(ijk, R_tmp, L, LM, M, N)

! DO UK = 1, JKMAX2

IF (FLUID_AT(IJK)) THEN

User input is required in sections 1 through 4.

! 1. Write the rates of various reactions:

! Write the reaction rates for each of the reactions as RXNxF and RXNxB (both
! quantities >= 0), where x identifies the reaction, F stands for forward

! rate, and B stands for the backward rate. The rates can be in

! g-mole/(cm"3.s) or g/(cm”"3.s). For the sake of clarity, give the reaction

! scheme and the units in a comment statement above the rate expression.

! The volume (cm”3) is that of the computational cell. Therefore, for

! example, the rate term of a gas phase reaction will have a multiplicative

! factor of epsilon. Note that X_g and X_s are mass fractions

!

DO IK=1,JKMAX2
IF (FLUID_AT(IJK)) THEN
TGX = MIN(MAX_TEMP,T_g(IJK))
TS1X = MIN(MAX_TEMP,T s(lJK,1))
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TSORB1 = MIN(MAX_TSORB,T_s(lJK,1))
TGS1X=HALF*(TGX+TS1X)

ICOMPUTE PARTIAL PR OF VARIOUS GASES IN ATM. P_G IN DYNES/CM"2

PATM=P_g(1JK)/1013000. ,

~_PATM_MW =PATM*MW_MIX gK)" "~ "~~~ — =
PN2=PATM_MW*X g(IIK,1)/MW g(1) o
PH20=PATM_MW*X g(IJK,2)/MW_g(2)
PH2S=PATM_MW*X_g(IJK,3)/MW _g(3)
PH2S_EQLM=PH20/K_EQLM

EP sl1=EP_s(lJK,1)
lgrain model desulfurization reaction

' b H2S + sorbent_fresh -> (18b/34)H20 + (1+16b/34)Sorbent_spent (g/cm”"3.s)
IR =1.987 cal/gmol.K or 82.06 cm”3atm/mol K.
RXNAIF=ZERO

IF(PH2S.GT.PH2S_EQLM)THEN

IF(NOT.COMPARE(EP_g(1JK),ONE))THEN
IF(X_s(IJK,1,1).GT.ZERO)THEN
Rr Ro_Ratiocube = &
((1.0-(1/Rho_Ratio)+(1/(Rho_Ratio*X_s(IJK,1,1))))&
-SQRT((1.0-(1/Rho_Ratio)+(1/(Rho_Ratio*X_s(lJK,1,1))))**2.&
-1.1014*(-(1/Rho_Ratio)+(1/(Rho_Ratio*X_s(1JK,1,1)))))&
/(0.5507*(-(1/Rho_Ratio)+(1/(Rho_Ratio*X_s(1JK,1,1)))))
Rr_Ro_Ratio = (Rr_Ro_Ratiocube)**(1./3.)
Rr_Ro_Ratio = MIN(ONE,Rr_Ro_Ratio)
ELSE
Rr_Ro_Ratio = ZERO
ENDIF
ELSE
Rr Ro_Ratio = ZERO
ENDIF
IF(Rr_Ro_Ratio.EQ.ZERO .OR. EP_s1.EQ.ZERO)THEN
RXNAI1F=ZERO
ELSE
Diff M =0.16*SQRT(TGX/273.)
Diff Total = 0.09*Diff M

K_film = Diff M*N_sh(IJK)/D_p(1)

B g g s s g

B

1Grain model with parameters same as used in Boyles model same rxx kinetics
IModel rates based on external surface area of the particle Z = 1.34 for ZnO
'A_ratio will definately come into play. De used from Harrison and Ranade’s model

VHE R AR B U R T R B R R R R R R R

Rit#H##
! ro =3.0/10.0E4.0*1.0)from Berry approximate Ao,s= between 2 - SE4sq.cm/g
ro= 0.300e-4

llews thesis and that rc/rp from mfix



! we get the expression below------------- A

!

Xc=1-((Rr_Ro_Ratio)**3.)

K_rxn = A_factor*exp(-1 0 _activation/(1.987*TS1X)) = =~

K_rxn=1.3 *exp(-1.0*10300/(1.987*TS1X))
here 1-Eparticle(porosity of the solid particle) = 1-.30 = 0.7
addnum = 0.7*(ro*Rr_Ro_Ratio)**2/(ro**3)

Numer_ejb =3.0*Ep_sl*addnum*&
((X_g(UK,3)*RO_g(ITIK)-(MW _g(3)*PH2S_EQLM/(82.06*TGX)))

Dpl =1.6396E+4*exp(-16094./TS1X)
De = 0.00049*exp(-22000/(1.987*TS1X))
Denom_ejb = (1.0/K_rxn)+((ro*Rr_Ro_Ratio)**2/(D_p(1))**2)*(4.0/K_film)&
+(ro/(De*C(1)))*(1-Xc)**2./3.*((1-Xc)**(-1./3.)-(1+0.38*Xc)**(-1./3.))
RXNAIF =Numer_ejb/Denom_ejb
PRINT*RXNAIF
RXNA1B=0.0

ENDIF
ENDIF
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1 2. Write the formation and consumption rates of various species:

Obtain the rates of formation and consumption of various species

in g/(cm”"3.s) from the rate expressions RXNxF and RXNxB obtained in the
previous section. Pay attention to the units of RXNxF and RXNxB.

the formation rates for gas species n are added to get R_gp (K, n).

All the consumption rates are added and then divided by X_g(1JK, n) to
get RoX_gc(lJK, n). If X_g(1JK, n) is zero and species n is likely

to be consumed in a reaction then it is recommended that RoX_gc (IJK, n)
be initialized to the derivative of the consumption rate with respect to

X gatX g=0. .

If the slope is not known analytically a small value such as 1.0e-9 may
instead be used. A similar procedure is used for all the species in the
solids phases also.

GAS SPECIES

1. N2

R _gp(lJK,1) = ZERO
RoX gc(IJK,1)=ZERO ! Neeraj
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12. H20
R_gp(lJK,2) = 18.0*b_stoich*RXNAI1F/34.0
RoX_gc(lJIK,2)=ZERO ! Neeraj

3. H2S
IF(X_g(1IK,3).GT.ZERO)THEN
RoX gc(lJK,3) = b_stoich*RXNA1F/X_g(lJK,3)
ELSE
RoX_ge(lJK,3) = 1.0e-9
ENDIF
R_gp(UK,3) = ZERO ! Neeraj
!solids species

! 1. sorbent fresh
IF(X_s(1JK,1,1).GT.ZERO)THEN
RoX sc(1JK,1,1) = RXNAIF/X_s(lJK,1,1)
ELSE
RoX sc(lJK,1,1) = 1.0e-7
ENDIF

! 2. sorbent spent
R sp(lJK,1,2) = (1.0+(16*b_stoich/34.0))*RXNAIF

RoX_sc(1JK,1,2)=ZERO! Neeraj
R_sp(IJK,1,1)=ZERO! Neeraj

13333333333333333333333333333333333333333333333333333333333333333333333333333333
!

! 3. Determine the g/(cm”3.s) transferred from one phase to the other.

! R_tmp(To phase #, From phase #)

! R_temp(Rxn#, To phase #, From phase #)

! e.g. R tmp(0,1)- mass generation of gas phase from solids-1,

! R_tmp(0,2) - mass generation of gas phase from solids-2,

! R_tmp(1,0) - mass generation of solid-1 from gas = -R_tmp(0,1)

! R_tmp(1,2) - mass generation of solid-1 from solids-2.

! Note, for example, that if gas is generated from solids-1 then

! R _tmp(0,1)>0.

! The R-phase matrix is skew-symmetric and diagonal elements are not needed.
! Only one of the two skew-symmetric elements -- e.g., R_tmp(0,1) or

! R_tmp(1,0) -- needs to be specified.

1

!

1

!

R _tmp(0,1) = ZERO

'desulfurization reaction

R_temp(1,0,1) = -16.0*b_stoich*RXNA1F/34.0
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! 4. Determine the heat of reactions in cal/(cm”3.s) at the

!

!
r
v
!
!
!

"is user defined as it depends upon the microphysics near the interface,

temperature T_g or T_s1. Note that for exothermic reactions

HOR _g (or HOR_s) will be negative. The assignment of heat of reaction
which is averaged out in the multiphase flow equations. For example,

heat of Reaction for the C + O2 reaction is split into parts;

CO formation is assigned to the solid phase and CO2 formation from CO to
the gas phase.

!desulfurization reaction

!
!
!
!
!
!

HOR_g(IJK)=H mxn*F_g Heat*RXNAIF

HOR_s(IJK,1) = H_rxn*(1.0-F_g_Heat)*RXNAIF

SOLIDS SPECIES

Net production of gas
:» SUM_R_g

Net production of solids

: SUM_R_s

HOR_G(IJK) = ZERO

M=1

IF (MMAX > 0) THEN
HOR_S(IJK,:MMAX) = ZERO
M=MMAX + 1

ENDIF

IF (SPECIES_EQ(0)) THEN
SUM_R_g(IJK) = ZERO
DO 5000 N = 1,NMAX(0)

1 IF (NMAX(0) > 0) THEN

SUM_R_g(IJK) = SUM_R_g(1JK) + R_gp(UK,N)&
-ROX_ge(UK,N)*X_g(IJK,N)
5000 CONTINUE

! ENDIF

ENDIF

DO M = 1, MMAX
IF (SPECIES_EQ(M)) THEN
SUM_R_s(lJK,M) = ZERO
DO 5200 N = 1, NMAX(M)
IF (NMAX(M) > 0) THEN
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SUM_R_s(IJK,M) = SUM_R_s(IUK,M) + R_sp(IJK,M,N)&
-ROX_sc(JK,M,N)*X_s(IJK,M,N)
! N = NMAX(M) + 1
! ENDIF

5200 CONTINUE
ST ENDIF
~ ENDDO
! Rate of mass transfer from phase M to Phase L
! DOUBLE PRECISION, DIMENSION(;, :), ALLOCATABLE :: R phase
DO L =0, MMAX
DOM=L + 1, MMAX
LM=L+1+(M-1)*M/2
IF (R _temp(1,L,M) .NE. UNDEFINED) THEN
R_phase(JK,LM) = R_temp(1,L.,M)
R temp(1,M,L) = -R_temp(1,L,M)

ELSE IF (R_temp(1,M,L) NE. UNDEFINED) THEN
R_phase(1JK,LM) = -R_temp(1,M,L)
R temp(1,L.M)= -R temp(1,M,L)

ELSE
CALL START_LOG
WRITE (UNIT_LOG, 1000) L, M
CALL END_LOG
STOP
ENDIF
END DO
END DO
ENDIF

END DO
1000 FORMAT(/1X,70('*)//' From: RRATES'/&
' Message: Mass transfer between phases ',12,' and ',12,&
' (R_temp) not specified',/1X,70('*')/)
RETURN
END SUBROUTINE RRATES

119



LIST OF ACRONYMS AND ABBREVIATIONS

SECTION I and IL.

e-

Ps

V,

cell

pspent
Pfresh

\Y

grain, spent

A%

grain, fresh

X fresh

~Product layer diffusivity: (em?®/sec.) e o

Density of the solid particle. (g/cm?)
Initial porosity of the sorbent particle.

I nitial radius of the grain. (cm)

Initial specific surface area of the sorbent. (cm?/g)
Moles of hydrogen sulfide.

Concentratioﬁ of hydrogen sulfide. (gmole/cm?)

Total external surface area of the grains based on the reaction surface in the
control volume. (cmz)

Gas Volume Fraction.

Volume of the computational cell.

Density of the spent sorbent. (g/cm?)
Density of the fresh sorbent. (g/cm?)

Volume of the spent grain. (cm’)
Volume of the fresh grain. (cm®)
Mass fraction of fresh sorbent .
Mass of the Hydrogen Sulfide. (g)

Mass fraction of Hydrogen Sulfide. (g)
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Pg Density of the gas. (g/cm’)

MEAM Minimum mass of Hydrogen Sulfide required for reaction to proceed. (g)

o b. e e semee e e e e e e o e et e R
-F - ———Temperatwe. (K} - . T
Molecular weight of Hydrogen Sulfide.

“"st

piIM Equilibrium Partial Pressure of Hydrogen Sulfide. (dynes/cm?)

R, Universal Gas constant. (cal/gmole K).
K, Gas Film Diffusion Coefficient. (cm/sec.)
D, Molecular diffusivity. (cm*/sec.)

N, Sherwood Number.

d, . Particle diameter. (cm)

€ Solids Volume Fraction.

Re Reynolds Number.

Sc Schmidt Number.

V orbent Velocity of the sorbent particles. (cm/sec.)
v, Velocity of the gas. (cm/sec.)

T Viscosity of the gas. (g/cm sec)

No(ro) Grain size distribution.

Tg Fluid phase stress tensor. (Pa)

€ porosity of the pore surface.

& porosity of the reaction surface.
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E€em Solid volume fraction of m™ solid phase

Psm Material Density of ni™ solid phase
" Ap S, T Pore surface area, (cm®) R
AL S, Reaction surface area. (cm?)
Ax Average cross-sectional diffusion area. (cm?)
Cao Concentration of the reactant gas in the bulk. (gmole/cm3 )
Cas Concentration of the reacting gas at the surface. (gmole/cm?)
dpm Particle diameter fof m™ solid phase. (cm)
f Geometric factor.
Fg Grain shape factor.

Fem, B Coefficient for interphase force between fluid and solid phase.(g/cm’ sec)

k Intrinsic reaction rate constant. (cm/sec)
Méresh Mass of the fresh sorbent. (g)

Mgpent Mass of the spent sorbent. (g)

P, Pressure in the fluid phase. (Pa)

R Radius of the sorbent particle. (cm)

10, max initial upper grain radius limit.

10, min initial lower grain radius limit.

Ren m™ solid phase particle Reynolds number.

Ren Rate of production of n™ chemical species in the fluid phase. (g/cm’ sec)
Radius of the pore/product surface area. (cm)

I Radius of the reaction surface area. (cm)

R Rate of disappearance of reactant A. ( gmoles/sec. cm?)
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Rsmn
RXNATF

' Ss

Vim

XCa XB

Xsmn

Y(t)

Trz
VsR

VsR-1

C(1)

Rate of production of n'" chemical species in the m" solid phase. (g/em’ sec)

Rate of reaction. (gmole/cm’ sec)

~ Solid phase stress tensor: (Pa)-— - oo

Gas velocity. (cm/sec)

M" solid phase velocity vector

Fractional solid conversion.

Mass fraction of n™ chemical species in the fluid phase
Mass fraction of n chemical species in the m™ solid phase
Lower active reactant grain radius limit.

Ratio of molar volume of the product to that of the reactant.
Friction Factor at the wall.

Radial Solid Shear stress due to flow in z direction. (Pa)
Solid Velocity at the Fictitious (R) computational cell. (cm/sec)
Solid Velocity at the (R-1) computational cell. (cm/sec)
Solid Velocity at the wall. (cm/sec) = (Ver + Vsr-1)/2.

Drag Cluster Correction Factor.
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