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ABSTRACT 

A complete process  des ign  was prepared f o r  a  conceptual  100,000-bbll 

day grass - roots  Synthoi l  f a c i l i t y  charging 50,000 tonslday of Western 

Kentucky coa l .  The f a c i l i t y  cons i s t ed  of about 15 process  u n i t s  

inc luding  a  12,000-ton/day oxygen p l a n t ,  an entrained-bed g a s i f i c a t i o n  

p l a n t ,  gas  t r e a t i n g  f a c i l i t i e s ,  and a  2000-tonlday s u l f u r  p l a n t .  The 

process  design b a s i s  was e s t ab l i shed  using experimental  d a t a  obtained 

at P j t t s h ~ ~ r g h  Energy Research Center on a  112-ton/day bench-scale u n i t .  

Reactor opera t ing  p re s su re  was 4000 p s i g ,  and t o t a l  hydrogen consumption 

was 556 m i l l i o n  s t d .  cu. f t . / d a y .  Process  flow d iag rams , :ma te r i a l  and 

energy ba lances ,  and equipment s i z e s  were developed f o r  a l l  of t h e  process  

u n i t s .  The est imated o v e r a l l  c a p i t a l  investment f o r  t h e  f a c i l i t y  was 

$1900 m i l l i o n  based on 1976 d o l l a r s ,  of which $1670 m i l l i o n . w a s  dep rec i ab le  

c a p i t a l .  The cos t  of t h e  c o a l  mine was n o t  included.  Using the  d i s -  

counted cash f low procedure, t h e  c o s t  of t h e  product o i l  was ca l cu la t ed  

and p l o t t e d  as a  func t ion  of the c o s t  of c.oal. and t h e  annual a f t e r - t a x  

r a t e  of r e t u r n  on equi ty .  This  was done f o r  fou r  c a p i t a l  s t r u c t u r e s  

ranging from 100% equ i ty  t o  95% deb t ,  u s ing  an annual i n t e r e s t  r a t e  on 

deb t  of 9%. A s  an example of t h e  r e s u l t s ,  t h e  cos t  of t h e  product o i l  

was $22.60/bbl wi th  a  debt-equi ty r a t i o  of 70130, a  12% annual a f t e r - t a x  

r a t e  of r e t u r n  on equ i ty ,  and a c o a l  c o s t  of $20/ton. 



1. INTRODUCTION 

This paper desc r ibes  a  conceptual  process  des ign  of a  100,00Q- 

b a r r e l l d a y  Syn tho i l  f a c i l i t y  and g ives  t h e  r e s u l t s  of an economic 

eva lua t ion  based on t h i s  design.  

This  work was done f o r  ERDA/Fossil Energy, Div is ion  of Major 

F a c i l i t y  P r o j e c t  Management, now t h e  Department of Energy. 

The ob jec t ives  of t h e  eva lua t ion  were t h e  fol lowing:  

(1) To provide an e s t ima te  of t h e  cos t  of producing s y n t h e t i c  

l i q u i d  f u e l  from coa l  by the  Synthoi l  process  on a  

commercial s c a l e .  

(2) To a s s e s s  t he  s t a t e  of development of t he  process ,  t h e  

adequacy of t he  experimental  d a t a  f o r  des ign  purposes,  

t h e  poss ib l e  a r e a s  of d i f f i c u l t y  i n  process  o r  equipment 

scale-up, and t h e  s t a t u s  of t h e  process  a s  a  candida te  f o r  

commercial demonstration. 

(3) To provide recommendations f o r  a d d i t i o n a l  r e sea rch  and 

development where needed. 

The eva lua t ion  produced a  complete process  des ign  f o r  a  grass -  

r o o t s  f a c i l i t y .  The des ign  included process  f low diagrams, mass and 

energy ba lances ,  equipment s i z i n g ,  and c o s t  e s t ima te s .  
1 

The f a c i l i t y  had a  nominal product ion capac i ty  of 100,000 b b l /  

s t ream day a t  des ign  throughput,  and was loca t ed  i n  t h e  e a s t e r n  

i n t e r i o r  reg ion  of t h e  United S t a t e s .  The des ign  feed  is a Western 

Kentucky c o a l  wi th  a  s u l f u r  conten t  of 5.5 w t  %. The product i s  a 

heavy f u e l  o i l  wi th  a  s u l f u r  conten t  of 0.4% t o  0.6%. Net l i q u i d  

product ion is  97,216 bbl l s t ream day. 

T o t a l  c o a l  consumption i s  50,133 tons ls t ream day, based on an 

as-received t o t a l  mois ture  content  of 9.2 w t  % and a s  as-received 

higher  hea t ing  va lue  (HHV) of 10,445 B tu l lb .  Coal consumption i n  t he  

va r ious  p a r t s  of t h e  f a c i l i t y  is a s  fol lows:  



tons/stream day 

Coal to Synthoil reaction section 32,069 

Coal to hydrogen.production 11,894 

Coal to steam and power production 6,170 

Total coal consumption 50,133 

All utilities are generated onsite, and there is no net export 

of steam or electricity. All fuel gas produced is consumed onsite 

for process heat and steam production. The coal-fired power plant uses 

wet limestone slurry flue-gas desulfurization for emissions control. 

2. PROCESS DESIGN BASIS 

The process design basis for the Synthoil unit was developed 

from experimental results obtained at Pittsburgh Energy Research 

Center (PERC) . However, as of July 1976, there were a number of process 

questions still unresolved. Some of the specific concerns were: 

Sufficient experimental data were not available to provide a 

basis for selecting design conditions. Among the process vari- 

ables requiring further investigation are reactor pressure, 

hydrogen partial pressure, slurry space velocity, and slurry 

and gas mass velocities. Longer runs are needed to demonstrate 

process operability, product quality, and catalyst life. 

The catalytic mode of development faces significant problems in 

reactor scale-up. Catalyst life has not been adequately 

demonstrated. If a deactivation-resistant catalyst can be 

developed, it still remains to be demonstrated that a 

fixed-bed catalytic reactor of large diameter can operate 

for long periods without plugging, excessive coke laydown, or 

flow maldistribution. 

Efficient recovery of heat from the reactor effluent is a 

difficult engineering problem. The inability to recover this 

heat economically would cause an appreciable reduction in 

overall thermal efficiency. The design in this study was 

based on the use of effluent-feed heat exchangers, but the 

practicability of this operation remains to be proved. 



Some of the other portions of the facility were also based 

on incomplete information. Uncertainties were present 

primarily in the gasifier, solids-liquid separation, and 

residue carbonizer designs. 

Bearing in mind the qualifications just mentioned, run no. FB-39 

was selected as the basis for the operating conditions and yields. The 

feed for this run was a Western Kentucky coal, and the operating 

pressure was 4000 psig. 

Table 1 shows the process design basis developed from the PERC 

data. Table 2 shows the analysis of the Western Kentucky coal, and 

Table 3 shows the estimated Synthoil reactor yields based on the PERC 
2 data. 

Tables 1, 2, and 3 are based on an as-received total moisture 

content of 4.2%. The actual coal received at the coal handling 

facility was assumed to contain 9.2% moisture. The moisture content 

is reduced to 4.2% during pulverization. The yields shown in Table 3 

apply after this drying step. 

The heat of reaction in the Synthoil reactor is estimated at 

6000 to 10,000 Btu/lb of hydrogen consumed. This corresponds to the 

estimated temperature rise of 50°F across the reactor. An end-of-run 

pressure drop of 100 psi was assumed. 

Catalyst life was assumed to be six months. It was assumed 

that the catalyst is not regenerated. 

The required hydrogen purity in the recycle gas, after adding 

makeLp hydrogen, was assumed to be 80 vol % (minimum). 



Table 1. Process  des ign  b a s i s  100,000'bbl/SD Syn tho i l  p l a n t  

R.eactnr Cnndi t inns 

Operat ing p r e s s u r e ,  p s i g  
0 .  

I n l e t  temperature ,  F 
0 

O u t l e t  temperature ,  F 

S l u r r y  composi t ion,  w t  % coa l  

S l u r r y  space  v e l o c i t y :  l b  s l u r r y l h r - f t  
3 

of  c a t a l y s t  volume 
2 

Gas v e l o c i t y :  s c f j h r - f t  r e a c t o r  c r o s s  s e c t i o n  

Hydrogen consumption (chemical consumption), 
s c f  H2/ton as-received coa la  

. T o t a l  gas  flow t o  r e a c t o r ,  s c f l l b  s l u r r y  

Hydrogen p u r i t y  r equ i r ed  i n  r e c y c l e  g a s ,  v o l  % 
(mi n j.m~.~m) b 

a This  does no t  i nc lude  s o l u b i l i t y  l o s s e s  and purge gas  l o s s e s .  It 
r e p r e s e n t s  t h e  a c t u a l  d i sappearance  of uncombined hydrogen ac ros s  
t h e  r e a c t o r .  As-received c o a l  has  4.2 w t  % t o t a l  mois ture  conten t .  

b ~ e a s u r  ed a f  ter adding makeup gas .  



a 
Table 2. .Analys is  of Western Kentucky coa l  

Proximate a n a l y s i s ,  w t  %, a s  received 

Moisture 

Ash 

V o l a t i l e  mat te r  

Fixed carbon 

To ta l  

Ult imate a n a l y s i s ,  w t  %, a s  rece ived  

Hydrogen 

Carbon 

Nitrogen 

Oxygen 

Sul fur  

Ash 

T o t a l  

Forms of s u l f u r ,  w t  % 

S u l f a t e  

P y r i t i c  

Organic 

C a l o r i f i c  va lue ,  ~ t u / l b ,  HHV 

a Ohio County, Western Kentucky, seams 9 ,  11, 12,  and 1 3 ,  a s  rece ived .  
This  t a b l e  is based on 4.2% t o t a l  moisture.  The raw c o a l  feed  t o  t h e  
f a c i l i t y  is  assumed t o  be  t h e  same coa l  a s  above bu t  wi th  an a d d i t i o n a l  
5% mois ture  (9.2% t o t a l ) .  
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a 
Table 3.  Est imated .Synthoi1  product y i e l d s  on Western Kentucky c o a l  

- 

Yields per  ton  of as-received c o a l ,  l bb  

Naphtha 

Centrifuged product o i l  

Centr i fuged r e s idue  : 

Unconverted m a t e r i a l  and ash 

O i l  l e f t  i n  r e s idue  

Methane 

Ethane 

Propane 

H2S and NH3 

Water 

T o t a l  2080' 

? i e l d s  based nn Sayeed Akhtar,  James J. Lacey, Murray Weintraub, 
Alan A. Reznik, and Paul  M. Yavorsky, "The Syn tho i l  Process-Mater ial  
Balance and Thermal Eff ic iency ,"  AIChE Meeting, Dec. 1-5, 1974, 
Washington, D . C . ,  p lu s  a d d i t i o n a l  information on make-gas a n a l y s i s .  
( r e f .  2 ) .  

b ~ a s e d  on 4.2 w t  % t o t a l  mois ture  content .  
C 
Hydrogen a d d i t i o n  is  80 l b  per  ton  of as-received coal .  



3. OVERALL PROCESS FLOW 

The flow through t h e  f a c i l i t y  is shown on t h e  o v e r a l l  b lock  flow 

diagram, F ig .  1. 

The c o a l  prepara t ion  u n i t  r ece ives  c o a l  from the  mine and gr inds  

i t  t o  t h e  proper s i z e .  S l u r r y  f o r  t h e  Synthoi l  u n i t  is  a l s o  prepared 

i n  t h i s  u n i t .  

I n  t h e  Synthoi l  u n i t ,  t h e  c o a l  s l u r r y  is r eac t ed  wi th  hydrogen 

a t  4000 p s i g  over a f i x e d  bed of coba l tmo lybda te  c a t a l y s t .  Recycle 

gas  (about 78% hydrogen) is sepa ra t ed  from t h e  r e a c t o r  e f f l u e n t .  

S o l i d s  a r e  separa ted  by both c e n t r i f u g a t i o n  and f i l t r a t i o n ;  t h e  

c e n t r i f u g a t i o n  s t e p  provides t h e  c l a r i f i e d  r e c y c l e  o i l  used f o r  feed- 

s l u r r y  prepara t ion .  

Under t he  des ign  condi t ions  assumed f o r  Western Kentucky c o a l ,  

t he  Synthoi l  process  w i l l  consume about 14,200 s t d .  cu. f t .  of H / ton.  
2 

of as-received coa l  (9.2% mois ture) .  I n  a d d i t i o n  t o  t h i s  chemical 

consumption, t h e r e  a r e  s o l u b i l i t y  and purge l o s s e s .  S o l u b i l i t y  l o s s e s  

occur a s  a r e s u l t  of t he  s o l u b i l i t y  of hydrogen i n  t h e  l i q u i d  strem 

l eav ing  t h e  high-pressure s e p a r a t o r .  Purge l o s s e s  r e s u l t  from the  

ven t ing  of a po r t ion  of t h e  r e c y c l e  gas t o  t h e  f u e l  gas system, which 

i s  necessary  t o  avoid the  bui ldup  of excess ive  l e v e l s  of n i t rogen  and 

argon. These losses '  a r e  est imated a t  about 22% of t he  chemical con- 

sumption. The t o t a l  hydrogen requirement of t he  process ,  t h e r e f o r e ,  

i s  i n  t h e  neighborhood of 17,300 std. '  cu. f t . / t o n  o f . a s - r ece ived  c o a l ,  o r  

556 m i l l i o n  s t d .  cu. f t .  /day. This i s  produced by steam oxygen gas i f  ica-  

t i o n  of r e s i d u a l  process  char  and a d d i t i o n a l  f r e s h  coa l .  

The g a s i f i e r ,  oxygen p l a n t ,  CO s h i f t  u n i t s ,  and .gas  cleanup 

u n i t s  a r e  a l l  p a r t  of t h e  hydrogen product ion and p u r i f i c a t i o n  t r a i n .  

Raw gas (conta in ing  most ly COY C02, and H2) from t h e  g a s i f i e r  is 

t r e a t e d  t o  remove H S and CO Most of t h e  CO conten t  is  then  con- 
2 2 ' 

v e r t e d  t o  a d d i t i o n a l  hydrogen i n  CO s h i f t  u n i t s .  Af te r  f i n a l  C02 

removal, t h e  98.5% p u r i t y  makeup gas i s  compressed t o  4250 ps ig .  

Hydrogen s u l f i d e  recovered i n  t he  var ious  gas t r e a t i n g  u n i t s  is 

converted t o  elemental  s u l f u r .  Ammonia, c rude .phenols ,  and H S a r e  
2 
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Fig. 1. Synthoil Facility - Overall Block Flow Diagram. 
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recovered from sour  waste water .  . . 

Liquid products  from t h e  Synthoi l  u n i t  go t o  a  smal l  d i s t i l l a t i o n  

u n i t  where wash so lven t  and absorp t ion  o i l  f r a c t i o n s  a r e  prepared f o r  

use w i t h i n  t h e  f a c i l i t y .  

3.1 Coal P repa ra t ion  

The coa l  p repa ra t ion  u n i t  r ece ives  mined c o a l  from t rucks  and 

prepares  i t  f o r  use i n  o t h e r  u n i t s  of t he  f a c i l i t y .  A 20-day coa l  

res 'erve (900,000 tons)  w i l l  be  s tockp i l ed  t o  compensate f o r  f l u c t u a t i o n s  

i n  supply and usage. 

From t h e  a c t i v e  p i l e ,  6170 tons ls t ream day of coa l  i s  conveyed 

t o  t h e  power p l a n t  t o  supply t o t a l  f a c i l i t y  requirements  f o r  600-psig 

steam. Coal from t h e  a c t i v e  p i l e  is  a l s o  conveyed t o  t h e  bunker from 

which i t  is  f u r t h e r  t r anspor t ed  t o  t h e  g a s i f i c a t i o n  u n i t  a t  a  r a t e  of 

11,894 tons ls t ream day .  Coal from t h e  bunker a l s o  feeds  the  Synthoi l  

s l u r r y  p repa ra t ion  s e c t i o n .  

3 . 2  Synthoi l  Unit  

The feed hea t ing  and r e a c t i o n  s e c t i o n  of t h e  Synthoi l  u n i t  c o n s i s t s  

of fou r  i d e n t i c a l  p a r a l l e l  t r a i n s  o r  modules. These can be  operated 

independent ly and shu t  down s e p a r a t e l y .  Each t r a i n  has i t s  own feed 

pumps, f i r e d  h e a t e r s ,  r e a c t o r s ,  h e a t  exchange system, f l a s h  s e p a r a t o r s ,  

and r e c y c l e  gas  system. Each module is shu t  down every s i x  months f o r  

c a t a l y s t  replacement.  

Each o f '  t he  fou r  modules has  e i g h t  r e a c t o r s .  The r e a c t o r s  a r e  

i n  p a r a l l e l  and have an i n s i d e  d i ame te r .o f  9  f t  and a  he igh t  of 25 f t .  

Each r e a c t o r  has  t h r e e  c a t a l y s t  beds, each 5 f t  deep,  wi th  provis ion  

f o r  i n j e c t i n g  quench hydrogen between t h e  beds f o r  temperature c o n t r o l .  

The des ign  descr ibed he re  i s  based on t h e  use  of r e a c t o r  e f f l u e n t -  

r e a c t o r  feed  h e a t  exchangers.  There is cons iderable  ques t ion  a s  t o  

whether these  exchangers a r e  p r a c t i c a b l e  i n  view of t h e  extreme f o u l i n g  

condi t ions  a n t i c i p a t e d .  However, t h e  thermal e f f i c i e n c y  of t h e  process  

would be seve re ly  penal ized i f  i t  were assumed t h a t  t h i s  method of hea t  



recovery is no t  poss ib l e .  

The number of r e a c t o r s  r equ i r ed  is  an  important f a c t o r  i n  

determining t h e  arrangement and c o s t  of t h e  u n i t .  With a r e a c t o r  

i n l e t  p re s su re  of about 4100 ps ig ,  the  maximum r e a c t o r  diameter i s  

l i m i t e d  by t h e  maximum p l a t e  th icknesses  t h a t  can be used i n  v e s s e l  

f a b r i c a t i o n .  The r e a c t o r  des ign  used h e r e  is t h e  cold-wall r e f r a c t o r y -  

l i n e d  type .  

3.2.1 Desc r ip t ion  of one module 

Feed s l u r r y  i s  mixed wi th  makeup hydrogen and is passed f i r s t  

through t h e  e f f luent - feed  hea t  exchangers and then  through t h e  f i r e d  

h e a t e r s ,  - en t e r ing  t h e  r e a c t o r s  a t  810 '~.  The r e a c t o r  e f f l u e n t  a t  

8 6 0 ' ~  is  used t o  prehea t  t h e  feed and then  goes t o  a 350-psig steam 

genera tor .  Leaving t h e  steam genera tor  a t  5 5 0 ' ~ ~  t h e  r e a c t o r  e f f l u e n t  

e n t e r s  t h e  high-pressure high-temperature s e p a r a t o r s .  The vapor.  

phase from t h i s  s e p a r a t i o n  goes through h e a t  exchangers where i t  is  

used t o  prehea t  t h e  makeup hydrogen. Then i t  goes through a i r  and 

water coo le r s ,  e n t e r i n g  t h e  high-pressure low-temperature s e p a r a t o r s  

a t  100 '~ .  

The vapor phase from t h e  high-pressure low-temperature s e p a r a t o r s  

undergoes diethanolamine (DEA) scrubbing and' then proceeds t o  methane 

absorber  columns. Here l e a n  o i l  i s  used t o  remove a p o r t i o n  of t h e  

methane and o t h e r  gases  t h a t  tend t o  b u i l d  up i n  t h e  r ecyc le  system. 

Each module h a s  one r ecyc le  gas  compressor d r i v e n  by a 12,000-hp 

steam tu rb ine .  

3.2.2 Synthoi l  r e a c t i o n . a n d  product f i l t r a t i o n  

The l i q u i d  underflow from t h e  low-pressure high-temperature 

s epa ra to r  is t r a n s f e r r e d  t o  t h e  c e n t r i f u g e  feed tank.  The tank  f eeds  

v e r t i c a l ,  solid-bowl c e n t r i f u g e s  wi th  continuous overflow and underflow 

d ischarge .  The c l a r i f i e d  overflow i s  r e tu rned  t o  c o a l  s l u r r y  p repa ra t ion .  

This  s t ream r e p r e s e n t s  almost two-thirds of t h e  c e n t r i f u g e  feed  by weight .  

The c e n t r i f u g e s  a r e  equal  i n  number (27) t o  t h e  r o t a r y  drum f i l t e r s  which 



fol low.  Surge tankage 'is provided between t h e  cen t r i fuges  and f i l t e r s  

t o  permit independence of ope ra t ion .  The thickened s o l i d s  s l u r r y  from 

t h e  underflow of t h e  cen t r i fuges  e n t e r s  t h e  surge  tanks ,  which a r e  

provided wi th  a g i t a t o r s  t o  main ta in  t h e  s o l i d s  i n  suspension.  

3.3 Recycle  Gas and Fuel.Gas. DEA Trea t ing  Uni t s  

This  u n i t  t r e a t s  gas  s t reams f l a shed  from t h e  Synthoi l  r e a c t i o n  

s e c t i o n  a t  two d i f f e r e n t  p re s su re  l e v e l s .  A 30 w t  % s o l u t i o n  of DEA 

i s  used i n  two independent absorbers ,  one a t  3985 p s i a  and t h e  o t h e r  

a t  195 p s i a .  I n  t h e  f i r s t  absorber ,  more than  97% of t h e  H2S is  

removed, l eav ing  l e s s  than  7 0  ppmv i n  t h e  t r e a t e d  gas recyc led  t o  t h e  

Synthoi l  u n i t .  The low-pressure absorber  produces a  190-psia f u e l  gas 

conta in ing  about 100 ppmv H S. A common regene ra to r  i s  used, and t h e  
2 

evolved H2S goes t o  t h e  Claus s u l f u r  p l a n t .  

3.4 G a s i f i c a t i o n  Unit  

The g a s i f i c a t i o n  u n i t  produces t h e  hydrogen necessary  f o r  hydro- 

gena t ing  c o a l  i n  t h e  Synthoi l  r e a c t o r s .  P a r t  of t h e  hydrogen is  made 

by gas i fy ing  char  obta ined  from t h e  low-temperature carboniza t ion  of 

o i l -bea r ing  r e s i d u e  from t h e  f i l t r a t i o n  s e c t i o n  of t h e  Synthoi l  u n i t .  

The remaining hydrogen requirement is provided by g a s i f y i n g  raw c o a l  

a long  wi th  t h e  cha r .  

This  u n i t  c o n s i s t s  of two p a r a l l e l  t r a i n s  which can o p e r a t e  in-  

dependent ly of each o t h e r .  The g a s i f i e r s  a r e  of t h e  entrained-f low,  

s lagging-type,  designed t o  ope ra t e  a t  245 p s i g  wi th  a  temperature of 
0 

about 3400 F i n  t h e  combustion zone. Each g a s i f i e r  has  an  i n s i d e  

diameter of 10 f t  and a  he igh t  of approximately 110 f t  wi th  an  ou te r  

p re s su re  s h e l l  conta in ing  a n  inne r  s h e l l  of tube-wall-type cons t ruc t ion  

covered wi th  c a s t a b l e  r e f r a c t o r y  i n  t he  combustion zone. Heat is  

recovered by genera t ing  350-psig s a t u r a t e d  steam from b o i l e r '  feed water  

flowing through t h e  water-wall  tubes.  

The Babcock and Wilcox Company supp.lied b a s i c  process  information,  

h e a t  and m a t e r i a l  ba lances ,  and a  p a r t i a l  c o s t  e s t i m a t e  f o r  an en t ra ined-  

flow g a s i f i c a t i o n  u n i t  of t h e i r  des ign .  



3 . 5  Raw Gas Trea t ing  Unit 

This  u n i t  removes most of t h e  a c i d  gases  from t h e  g a s i f i e r  

e f f l u e n t  coming from t h e  g a s i f i c a t i o n  p l a n t .  The Benf ie ld  a c t i v a t e d  

h o t  potassium carbonate  process  was s e l e c t e d  f o r  t h i s  s e r v i c e .  The 

process  hydrolyzes most of t h e  COS t o  CO and H2S, which can then  be 
2 

absorbed i n  s o l u t i o n .  Cap i t a l  and ope ra t ing  c o s t s  were provided by 

t h e  Benf i e l d  Corporation. 

Acid gases  evolved overhead from the  s o l u t i o n  s t r i p p e r  a r e  s e n t  

t o  a  Claus s u l f u r  p l a n t  f o r  s u l f u r  recovery.  The t r e a t e d  gas is s e n t  

t o  high-temperature CO s h i f t  conversion.  

3.6  High-Temperature CO S h i f t  Conversion Unit  

This u n i t  uses  t h r e e  s t ages  of high-temperature CO s h i f t  t o  

i n c r e a s e  t h e  hydrogen concen t r a t ion  of t h e  g a s i f i e r  make gas by 

r e a c t i n g  CO and H20. Three s t a g e s  of c a t a l y t i c  r e a c t i o n  over a  s u l f u r -  

t o l e r a n t  cobalt-molybdate c a t a l y s t  reduce t h e  CO concen t r a t ion  from 

60 mole % to  l e s s  than  5 mole % on a C02-free b a s i s .  

Reactor condi t ions ,  c a t a l y s t  volumes and p r i c e s ,  steam requ i r e -  

ments,  and o the r  information were suppl ied  by G i r d l e r  Chemicals, I n c .  

3 . 7  Low-Temperature CO S h i f t  Feed-Gas Trea t ing  Unit  

This  u n i t  removes e s s e n t i a l l y  a l l  remaining H2S and most of t h e  

CO from the  e f f l u e n t  s t ream from high-temperature CO s h i f t .  The 2 
process  i s  based on t h e  Benfield Corporat ion 's  HiPure Process .  The 

c a p i t a l  and ope ra t ing  c o s t s  used were provided by t h e  Benfield 

Corporation. 

3 . 8  ' Low-Temperature CO S h i f t  Conversion Unit 

I n  t h i s  u n i t ,  t r e a t e d . g a s  from t h e  f i n a l  H S removal p l a n t  2 
undergoes f u r t h e r  water-gas s h i f t  conversion t o  produce a d d i t i o n a l  

hydrogen. A low-temperature, h i g h l y  a c t i v e  c a t a l y s t  is used. Ca ta lys t  

volume, p r i c e , r e a c t o r  p re s su re  drop,  and ope ra t ing  temperatures  were 

provided by G i r d l e r  Chemicals, Inc .  



3.9 Low-Temperature S h i f t  Product-Gas C02 Removal Unit  

This  u n i t  removes CO from t h e  low-temperature s h i f t  e f f l u e n t  
2 

p r i o r  t o  i t s  f i n a l  compression t o  4265 psis f o r  u se  a s  makeup hydrogen. 

A sp l i t - s t r eam Benfield h o t  potassium carbonate  process  was used. The 

requirement f o r  removing CO from t h e  makeup gas stems from t h e  need 
2 

f o r  main ta in ing  hydrogen p u r i t y  i n  t h e  Synthoi l  r e c y c l e  gas system. 

3.10 Su l fu r  P l a n t  

This  p l a n t  conver t s  H S t o  elemental  s u l f u r  by the  modified Claus 2 
process .  The Claus s e c t i o n  is followed by t a i l  gas t r e a t i n g  us ing  t h e  

Beavon process ,  wi th  r e s i d u a l  H S conversion t o  s u l f u r  i n  a redox-type 
2 

u n i t .  Costs and u t i l i t y  requirements  were furn ished  by t h e  Ralph M .  

Parsons Company. Overa l l  s u l f u r  recovery exceeds 99.5%. Su l fu r  

product ion  from t h i s  u n i t  i s . 1 8 8 0  long tons ls t ream day. 

Af te r  t h e  f i n a l  condenser i n  t h e  Claus s e c t i o n  of t h e  p l a n t ,  t h e  

t a i l  gas must be  t r e a t e d  t o  remove remaining su l fur -conta in ing  gases  

t o  meet EPA l i m i t s ,  s i n c e  even a four - reac tor  Claus p l a n t  appears unable 

t o  meet SO emission gu ide l ines  without  f u r t h e r  t r e a t i n g .  The Beavon 
2 

Process ,  incorpora t ing  a redox u n i t ,  was included t o  remove H S t o  ve ry  2 
low l e v e l s .  The combination of hydrogenation followed by removal of 

H S i n  t h e  redox u n i t  reduces t h e  t o t a l  su l fu rous  gas content  of t h e  
2 

t a i l  gas t o  l e s s  than  100 ppmv. 

3.11 Oxygen p l a n t  

The oxygen p l an t  des ign ,  c a p i t a l  c o s t ,  and ope ra t ing  requirements  

were suppl ied by t h e  Linde Div is ion  of Union Carbide Corporat ion.  There 

a r e  six 2000-tonlday modules supplying a t o t a l  of 11,200 tons ls t ream 
H 

day of oxygen of 99.5% p u r i t y .  The'main impuri ty  is  argon,  wi th  a minor 

amount of n i t rogen .  



3.12 Low-Temperature Carbonizat ion Unit  

Sol ids-containing r e s i d u e  from t h e  f i l t r a t i o n  s e c t i o n  of t h e  

Syn tho i l  u n i t  c a r r i e s  wi th  it an apprec i ab le  q u a n t i t y  of product o i l .  

The purpose of low-temperature carboniza t ion  is t o  recover  t h i s  o i l ,  

along wi th  a  quan t i t y  of gaseous hydrocarbons, and t o  prepare  t h e  

$, remaining char  f o r  feed t o  t h e  g a s i f i c a t i o n  u n i t .  

3.13 Su l fu r  Recovery (Redox type) 

This  u n i t  t r e a t s  t h e  ac id  gas  s t ream from t h e  low-temperature 

CO s h i f t  feed  gas t r e a t i n g  p l a n t ,  which conta ins  about 0.25 mole % H2S 

on a  d ry  b a s i s .  The redox process  used i s  e s s e n t i a l l y  t h e  same a s  t h a t  

used i n  connection wi th  t h e  t a i l - g a s  t r e a t i n g  s e c t i o n  of t h e  Claus 

p l a n t .  

3.14 Sour Water S t r i p p e r  

I Condensate s t reams from the  Syn tho i l  r e a c t i o n  p l a n t  and t h e  low- 

I temperature carboniza t ion  p l a n t  conta in  approximately equimolar concen- 

t r a t i o n s  of H2S and NH I n  a d d i t i o n ,  t h e r e  a r e  some phenol ic  compounds. 
3  ' 

Cap i t a l  and ope ra t ing  c o s t s  were suppl ied  by Chem-Pro Equipment Corpora-. 

t i o n  f o r  t h e  phenolic  recovery s e c t i o n  and by.Chevron Research Company 

f o r  t h e  H S  and NH recovery s e c t i o n s ,  based on p r o p r i e t a r y  des igns .  
2  3  

The bottoms from t h e  H2S s t r i p p e r  a r e  f e d  t o  an ammonia s t r i p p e r .  

The ammonia is  removed overhead, compressed,and p u r i f i e d  t o  y i e l d  

a g r i c u l t u r a l  grade anhydrous ammonia, a t  5 ppm by weight H S  maximum 
2  

and 1000 ppm by weight H 0 maximum. The c l ean  water  removed i n  t h e  
2  
0 

bottoms is  cooled t o  130 F and s e n t  t o  t h e  i n d u s t r i a l  water  system 

f o r  reuse .  

3.15 Product D i s t i l l a t i o n  

The product d i s t i l l a t i o n  u n i t  i s  used f o r  t h e  p repa ra t ion  of 

s p e c i a l  f r a c t i o n s  needed i n  va r ious  p a r t s  of t h e  f a c i l i t y .  A l i g h t  

o i l  f r a c t i o n  is  prepared f o r  use  a s  absorber  o i l  i n  t h e  r e c y c l e  gas 

p u r i f i c a t i o n  system of t h e  Synthoi l  u n i t ,  and another  is  used a s  wash 

i n  t h e  f i l t r a t i o n  sec t ion .  



4. UTILITIES AND AUXILIARY SYSTEMS 

The f r e s h  water  (raw water )  supply i s  assumed t o  come from a , 

r i v e r  two m i l e s  from t h e  s i t e  boundary. T o t a l  f r e s h  water  consumption is 

35,300 gal . /min. ,  o r  1,210,000 bbl /day .  Cooling tower l o s s e s  account f o r  

about 87% of t h e  t o t a l  water consumption, a s  shown i n  Table  4. Net 
' water  consumed i n  chemical r e a c t i o n s  ( g a s i f i c a t i o n ,  CO s h i f t ,  Synthoi l )  

is  r e l a t i v e l y  minor (974 g a l .  /min.) . 
Process  cool ing  is  provided both by a i r  and by cool ing  tower 

water .  There a r e  two n a t u r a l  d r a f t  hype rbo l i c  atmospheric wet cool ing  
0 

towers wi th  a  combined c a p a c i t y  of 11,800 m i l l i o n  Btu/hr  wi th  a  30 F 

r i s e  and a  g°F approach t o  a tmospheric  w e t  bu lb  temperature .  

A i r  coo l ing  usage i n  t h e  f a c i l i t y  amounts t o  3,300 MMBtu/hr 

( m i l l i o n  B tu lh r ) .  S ince  t h e  assumed p l a n t  l o c a t i o n  i s  i n  t h e  e a s t e r n  

United S t a t e s ,  no a t tempt  was made t o  maximize a i r  cool ing.  

E l e c t r i c i t y  gene ra t i on  i s  provided by t h r e e  100-MW tu rb ine -  

gene ra to r s ,  one of which i s  a  spare .  The 350-psig steam supply f o r  

t h e s e  u n i t s ,  about 2.65 m i l l i o n  l b l h r ,  comes from process  waste  hea t  

steam gene ra to r s .  An a d d i t i o n a l  1 .6  MW is  produced i n  t h e  oxygen p l a n t .  

A l l  of t h e  process-derived f u e l  gas  generated w i t h i n  t h e  f a c i l i t y  

is  used a s  f u e l  f o r . p r o c e s s  f i r e d  h e a t e r s  and steam gene ra to r s .  Raw' 

f u e l  gas  streams a r e  t r e a t e d  by DEA abso rp t ion  t o  remove H S t o  a  
2 

l e v e l  of about 100 ppmv be fo re  being burned a s  f u e l .  The t o t a l  h e a t i n g  

va lue  of t h e  f u e l  gas  produced and consumed is  about  6150 MMBtu/day. 

Two pulver ized-coa l - f i red  b o i l e r s  normally gene ra t e  3 .3  m i l l i o n  

l b / h r  of steam a t  600 p s i g  and 750'~. Th i s  steam is used i n  condensing 

t u r b i n e s  wi th  a  condensing p r e s s u r e  of 4  i n .  Hg abs .  About 1 .7  m i l l i o n  

l b / h r  of steam is  used i n  t h e  oxygen p1,ant compressor d r i v e s .  Most of 

t h e  remainder is used t o  d r i v e  t h e  Syn tho i l  makeup and r e c y c l e  gas 

compressors. 

Based on t h e  September 1975 r e p o r t  on s u l f u r  ox ide  c o n t r o l  

technology by t h e  Commerce Technica l  Advisory Board, we concluded t h a t  

t h e  power p l a n t  de s ign  should be  based on t h e  use of w e t  l imes tone  
3 

s l u r r y  sc rubbing  t o  c o n t r o l  SO emissions.  The use  of low-Btu gas o r  2 
s y n t h e t i c  c o a l  l i q u i d s  would be much more expensive.  



Table 4 .  Overa l l  water  ba lance  

g a l .  /min . 

Water i n t ake :  

Raw water i n t a k e  

Water i n  feed coa l  (9.2% mois ture)  

T o t a l  

Dispos i t ion :  

Cooling tower l o s s e s  inc luding  blowdown 

Slag s l u r r y  e f f l u e n t  

Vented from c o a l  dry ing  

Water i n  coa l 'burned  i n  b o i l e r  p l a n t  

Water i n  f u e l  gas burned 

Waste water  from water  t r e a t i n g  

Consumed i n  chemical r e a c t i o n s  ( n e t )  

Vented i n  t a i l  gases  

Bo i l e r  p l a n t  blowdown 

F lue  gas desul f  u r i z a t i o n  

Miscellaneous 

T o t a l  

%a te r  used i n  t h e  f l u e  gas d e s u l f u r i z a t i o n  system i s  suppl ied  from 
cool ing  tower blowdown. 



The scrubber  modules a r e  designed s o  t h a t  s i x  modules can c a r r y  

t h e  f u l l  ope ra t i ng  load whi le  t h e  seventh  is  s h u t  down f o r  c lean ing .  

Th i s  i s  i n  accordance wi th  t h e  ope ra t i ng  procedure a t  La Cygne. 
4  

4 . 1  Wet Scrubber Waste Disposa l  System 

The wet sc rubber  waste d i s p o s a l  system handles  t h e  waste  s u l f a t e -  

s u l f i t e  s ludge  and f l y  ash  from t h e  coa l - f i r ed  b o i l e r  l imes tone-s lur ry  

scrubbing modules. The w e t  s ludge  f i r s t  goes t o  t h i ckene r s  where i t  

i s  p a r t i a l l y  dewatered t o  25%-35% s o l i d s  by weight .  The s ludge  is  

then  t r e a t e d  w i t h  a  s t a b i l i z i n g  a d d i t i v e  t o  promote hardening.  The 

t r e a t e d  s ludge  i s  pumped by s l u r r y  p i p e l i n e  t o  a  d i s p o s a l  a r e a  where 

i t  is  used a s  l a n d f i l l .  

5. OVERALL THERMAL EFFICIENCY 

The o v e r a l l  thermal  e f f i c i e n c y  i s  59.6%, a s  shown i n  F ig .  2. 

The e f f i c i e n c y  used h e r e  i s  def ined  a s  t h e  t o t a l  h e a t i n g  v a l u e  of t h e  

f u e l  products  d iv ided  by t h e  hea t ing  va lue  of t h e  t o t a l  c o a l  consumed 

i n  t h e  f a c i l i t y .  

The h e a t i n g  v a l u e  of t h e  product o i l  was es t imated  t o  be  

6.40 MMBtu/bbl. Some of t h e  d a t a  i n d i c a t e  t h a t  t h e  HHV could be  a s  

h igh  a s  6.50 MMBtu/bbl, i n  which ca se  t h e  thermal e f f i c i e n c y  would be 

about 60.5%. 

6. CAPITAL INVESTMENT 

As  shown i n  Table  5, t h e  es t imated  o v e r a l l  c a p i t a l  investment 

is about $1900 m i l l i o n ,  c o n s i s t i n g  of $1670 m i l l i o n  dep rec i ab l e  and 

$230 m i l l i o n  nondepreciable  c a p i t a l .  The c o s t  of t h e  c o a l  mine is  n o t  

included.  Coal de l ive red  t o  t h e  p l a n t  is  considered t o  be an ope ra t i ng  

expense, and i ts  c o s t  i s  t r e a t e d  a s  a  v a r i a b l e  i n  t h e  economic a n a l y s i s .  

I n t e r e s t  du r ing  cons t ruc t ion  is not  included i n  t h e  c a p i t a l  investment 

but i s  accounted f o r  i n  t h e  c a l c u l a t i o n  of t h e  product  p r i c e .  A l l  

c o s t s  a r e  on a  f i r s t - q u a r t e r  1976 b a s i s .  Estimated c o s t s  of some of 



ORNL DWG 7 7 -  787 

TOTAL IN TOTAL OUT 

1047.3 x 10' Btu/SD 623.67 x 10' Btu/SD 

623.67 OVERALL THERMAL EFFICIENCY = - = 59.6% 1047.3 

*Synthoil 32,069 T/SD, gasification 11,894 T/SD, utilities 
generation 6,170 T/SD. 

**Heating values of sulfur and ammonia are not included in 
thermal output. 

Fig .  2 .  Overa l l  thermal  e f f i c i e n c y  -for  100,000-bbllstream day Syn tho i l  

f a c i l i t y .  Higher hea t ing  va lues  (HHV) a r e  used throughout .  

FUEL GAS 
C 

1.49 x 109 Btu/SD 

FUEL OIL 97,216 B/SD __ 
P 

622.18 x lo9 Btu/SD 

SULFUR* 
LI 
7 

2,130 SHORT WNS/SD , 

AMON IA* + - - 
180 SHORT TONS/SD 

COAL 50,133 T/SDC & 

A 

9.2% MOISTURE 
20.89 ).MBtu/TON 

1047.3 x 109 Btu/SD 

OVERALL 
SYNTHOI L 
FACILITY 

INCLUDING 
UTILITIES 
GENERATION 

. 



Table 5. Cap i t a l  investment summary - 
100,000-bbllstream day Synthoi l  f a c i l i t y  

Cap i t a l  
investment 

($lo6> 

Depreciable  c a p i t a l  

S i t e  development 

Process  p l a n t s  

Uriliries systems 

Bui ld ings  

A u x i l i a r i e s  and o f f s i t e  f a c i l i t i e s  

Equipment and machinery 

Paid-up process  r o y a l t i e s  

Sub t o t a l  

Star t -up modi f ica t ions  (2%) 

T o t a l  dep rec i ab le  c a p i t a l  

Nondepreciable c a p i t a l  

Working c a p i t a l  

I n i t i a l  c a t a l y s t s  and chemicals 

Other s t a r t -up  c o s t s  

Land and land r i g h t s  

T o t a l  nondepreciable  c a p i t a l  

To ta l  c a p i t a l  investment 1896.7 



t h e  process  u n i t s  were furn ished  by vendors.  The remaining u n i t s  were 

est imated by t h e  f a c t o r  method, us ing  f a c t o r s  app l i ed  t o  t h e  major 

process  equipment c o s t s  t o  a r r i v e  a t  a  t o t a l  i n s t a l l e d  p l a n t  c o s t .  

7. OPERATING COSTS 

The t o t a l  annual ope ra t ing  c o s t  i s  $128 m i l l i o n  a t  90% onstream 

e f f i c i e n c y .  This  amounts t o  $4/bbl  of product ,  o r  about 7.7% of t o t a l  

dep rec i ab le  c a p i t a l  per  year .  This  inc ludes  s u p p l i e s ,  maintenance, 

ca ta1.y.s; t and chemicals,  labor, overhead, proper ty  insurance ,  and lime- 

s tone .  It does no t  i nc lude  recovery of c a p i t a l  (dep rec i a t ion ) ,  r e t u r n  

on investment ,  i n t e r e s t  on deb t ,  t axes ,  c o a l ,  and c r e d i t  f o r  by-products. 

Limestone was est imated a t  $5/ton. 

T o t a l  maintenance (ma te r i a l s  and l abo r )  was est imated a t  4% of 

dep rec i ab le  p l a n t  investment per year .  

P a y r o l l  burden was es t imated  a t  35% of t o t a l  p a y r o l l .  This  

i nc ludes  s o c i a l  s e c u r i t y ,  unemployment insurance ,  s i c k  pay, vaca t ion  

pay, o t h c r  f r i n g e  b e n e f i t s ,  and s h i f t  d i f f e r ' e n t i a l s .  

8. PRODUCT PRICE 

Using t h e  discounted cash flow procedure, t h e  p r i c e  of t h e  product 

o i l  was ca l cu la t ed  a s  a  func t ion  of c o a l  cos t  and annual a f t e r - t a x  r a t e  

of r e t u r n  on e q u i t y  c a p i t a l .  This  was done f o r  fou r  c a p i t a l  s t r u c t u r e s  

ranging from 100% e q u i t y  t o  95% deb t ,  us ing  an annual  i n t e r e s t  r a t e  on 

debt  of 9%. The r e s u l t i n g  product p r i c e  is h igh ly  dependent on t h e  

c a p i t a l  s t r u c t u r e .  Typical  examples of t h e  r e s u l t s  a r e  shown i n  

Tables 6  and 7. The product p r i c e  i n  t hese  t a b l e s  is given i n  $ / b b l .  

By-product c r e d i t s  were included f o r  s u l f u r  a t  $60/long ton  and anhydrous 

.ammonia a t  $160/ton. Reducing t h e  s u l f u r  c r e d i t  t o  $25/long ton  would 

inc rease  t h e  p r i c e  of t h e  product o , i l  by '$0 .70/bbl .  A change of $ lO/ ton  

i n  t he  pric'e of ammonia would change t h e  product  cos t  by $0.02/bbl.  

Product p r i c e  c a l c u l a t i o n s  were based on a  f ive-year  cons t ruc t ion  

period followed by a  20-year ope ra t ion  period.  To ta l  onstream e f f i c i e n c y  



Table 6. Estimated p r i c e  of Synthoi l  product 
us ing  100% e q u i t y  f inancinga 

Product p r i c e  ( $ / b b l ) ,  a t  i n d i c a t e d  
r a t e  of r e t u r n  on equi tyb  

Coal, $ / ton  10% 12% 15% 

a  Product t r a n s p o r t a t i o n ,  d i g  t r i b u t i o n ,  and marketing c o s t s  a r e  not  
included.  Investment t a x  c r e d i t  of 7% i s  included.  

b ~ n n u a l  a f t e r - t a x  r a t e  of r e t u r n  on equ i ty .  

Table 7.  ~ s t i m a t e d  p r i c e  of Synthoi l  produ 
using' 7UX d e b t ,  30% equ i ty  f  inancinga'  

Product p r i c e  ($/bbl)  , a t  i nd ica t ed  
r a t e  of r e t u r n  on equ i tyc  

- - - - - -- 

Coal, $ / ton  10% 12% 15% . 

10 16.70 17.40 18.50 

15  19.30 20.00 21.10 

20 21.90 22.60 23.70 

25 24.50 25.20 26.30 

a  
Product t r a n s p o r t a t i o n ,  d i s t r i b u t i o n ,  and marketing c o s t s  a r e  not  
included.  Investment t a x  c r e d i t  of 7% is  included.  

b ~ n n u a l  i n t e r e s t  r a t e  on debt  is  9%. 

C 
Annual a f t e r - t a x  r a t e  of r e t u r n  on equ i ty .  



of t he  p l a n t  was assumed t o  be 50% i n  t h e  f i r s t  yea r ,  70% i n  t h e  second. 

yea r ,  and 90% the rea f t e r . .  

The r e s u l t s  shown were based upon a  f e d e r a l  income t a x  r a t e  of 

48%,  a s t a t e  income t a x  r a t e  of 3%, and a  f e d e r a l  investment t a x  c r e d i t  

of 7%. Deprec ia t ion  f o r  t a x  purposes was ca l cu la t ed  by t h e  sum of t h e  

yea r s '  d i g i t s  method us ing  a l i f e  of 16 years .  

Proper ty  taxes  and insurance  were es t imated  a t  3% of f i x e d  c a p i t a l  

investment based o n ' a  proper ty  t a x  r a t e  of 1 .5  t o  2.0% and an insurance 

r a t e  of 1 .0  t o  1.5% of proper ty  va lue .  

The product p r i c e s  a r e  shown i n  F igs .  3 ,  4 ,  and 5. Pn each case ,  

t he  debt-equi ty r a t i o  and t a x  s t r u c t u r e  a r e  f i x e d ,  and t h e  product p r i c e  

is  p l o t t e d  a s  a  func t ion  of t h e  p r i c e  of c o a l ,  wi th  t h e  annual  a f t e r - t a x  

r a t e  of r e t u r n  on e q u i t y  a s  a  parameter.  

9. EMISSION AND EFFLUENT LIMITATIONS 

The emission l i m i t a t i o n s  suggested f o r  t h e  p o l l u t a n t s  from t h e  

Synthoi l  p l a n t  were based on those  promulgated f o r  s i m i l a r  i n d u s t r i e s ,  

p a r t i c u l a r l y  petroleum r e f i n i n g  and s t eam-e lec t r i c  power genera t ing .  

A compilat ion was made of  p e r t i n e n t  f e d e r a l  a n d , s t a t e  ( I l l i n o i s ,  

Kentucky, and New Mexico) emission l i m i t a t i o n s .  This  served a s  primary 

source  m a t e r i a l  f o r  gu ide l ines  s p e c i f i c  t o  t h e  Synthoi l  p rocess .  

The suggested l i m i t a t i o n s  took i n t o  cons ide ra t ion  t h e  assumption 

t h a t  t h e  p l a n t  would be loca ted  i n  t h e  e a s t e r n  i n t e r i o r  reg ion .  

The p r i n c i p a l  sources  of s o l i d  wastes  from t h e  Synthoi l  p l a n t  

a r e  s l a g  from t h e  process  g a s i f i c a t i o n  p l a n t  and s ludge  from t h e  

u t i l i t y  power p l a n t .  The s l a g  is p r imar i ly  ash from t h e  pulver ized  

coa l  and carboniza t ion  char  w i th  t r a c e s  of unreacted carbon and t i g h t l y  

bound s u l f u r  from t h e  g a s i f i e r  . Other sources  of s o l i d  wastes  a r e  t h e  

rock  r e j e c t  from c o a l  crushing,  s e t t l e d  s o l i d s  i n  t he  c o a l  s t o r a g e  run- 

of f  holding-pond, s o l i d s  i n  t h e  biochemical t rea tment  hold ing  pond, 

and d iscarded  Benfield process  s o l i d s .  The na tu re  of a l l  of t h e s e  

s o l i d s  permi ts  t h e i r  d i s p o s a l  a t  t h e  mine s i t e  o r  l a n d f i l l ,  except  

t he  FGD s ludge  which r e q u i r e s  s e t t l i n g  and s t a b i l i z a t i o n  a t  t h e  Synthoi l  

f a c i l i t y .  
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Fig. 3. Price of product oil, case 501; 100% equity; 7% investment 

tax credit. 
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Fig. 4. Price of product oil, case 503; 70% debt at 9% annual 
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Fig. 5. Price of product oil, case 504; 95% debt at 9% annual 
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