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ABSTRACT 

The activity and aging rate of modified Shell 324 Ni-Mo-Al catalyst were 
studied in ICRC's process development unit (PDU) under SRC-I Demon­
stration Plant hydroprocessing conditions. The studies determined 
variations in SRC conversion, hydrocarbon gas production, hydrogen 
consumption, and heteroatom removal at both constant and increasing 
reaction tempe·ratures. Samples of spent catalyst were analyzed to 
ascertain the reasons for catalyst deactivation. Finally, the PDU 
hydroprocessing results were compared with those generated at Lummus and 
Wilsonville pilot plants. 
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EXECUTIVE SUMMARY 

ICRC has completed its research program to determine the activity 

and aging rate of the LC~Finer Ni-Mo-Al catalyst under SRC-I Demonstra­

tion Plant design conditions in the ICRC POU. 

As previously reported by Garg (1, 2, and 3), results showed that 

SRC conversion, hydrocarbon gas production, and hydrogen consumption 

increased with increasing reaction temperature from 775 to 825°F. 

However, oil production did not increase with temperature. The increase 

in hydrocarbon gas production and hydrogen consumption resulted in a 

severe decline in the selectivities for oil production over both hydro­

carbon gas production and hydrogen consumption. Heteroatom removal did 

not improve significantly by increasing the reaction temperature from 

775 to 825°F. 

Catalyst aging experiments showed that SRC conversion, hydrocarbon 

gas and oil production, hydrogen consumption, overall desulfurization, 

deni trogenat ion, and deoxygenation, and first-order rate constant for 

the conversion of SRC changed slightly during 294 hours of operation at 

775°F temperature, but changed significantly thereafter. The catalyst 

aging experiment at 825°F experienced several operational problems, 

resulting in a much shorter period of constant catalyst activity than 

that observed in the aging experiments conducted at 775°F. 

Analysis of spent catalyst revealed a significant reduction in 

surfar.e area, pore volume, and pore diameter. In addition, the analysis 

showed an unusually high level of sodium deposition on the catalyst, 

probably resulting from the presence of a large amount of sodium in the 

feed. A mass balance around the system revealed that only small amo11nt.s 

of iron and tit ani urn present in the feed SRC were deposited on the 

catalyst, whereas a major portion of sodium in the feed was retained by 

the catalyst. 

The decline in catalyst activity is at~ributed mainly to the sign­

ificant reduction in surface area and pore size resulting from coke and 

metal deposition. The decrease in activity may have also been partly 

due to sodium deposition on the catalyst. However, it is not intended 

to add sodium carbonate in the demonstration plant; therefore sodium 
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levels in the SRC feed to the demonstration plant ·hydrotl'eater should 

normally be lower. 

Finally, the decline in activity of Ni-~1o-Al catalyst observed 1n 

the PDU was comparable with that noted with Co-Mo-Al catalyst at the 

Wilsonville facility during run 235. 
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INTRODUCTION 

Production of distillate' liquids by catalytic hydrocracking of 

solvent-refined coal (SRC) is a major processing step in the SRC-I 

Demonstration Plant. One of the few commercially available h]dro­

cracking processes capable of handling SRC is the Lummus-Cities 

expanded-bed (LC-Fining) process. Design plans are to install an 

LC-Finer in the SRC-I Oemonstration Plant that· is capable of handling 

14,000 barrels per day (bpd) tot~l feed, of which 30% is recycle distil­

late diluent oil. 

The LC-Finer process was chosen because of its proven application 

for processing residual petroleum oils. The process employs conven­

tional hydroprocessing catalysts in an ebullated-bed reactor, in which 

gas and slurry are fed upwardly through a bed of catalyst expanded by 

pumping 1 iquid around and t:1rough the reactor at a high rate. This 

process is thought to be exceptionally well-suited to the processing 

needs of a refractory or very high molecular weight feedstock becaus~ 

catalyst can be continuously added or withdrawn from the reactor witho~t 

having to depressurize or cool it. Because SRC consists ess~ntially of 

high-molecular-weight asphaltenes and preasphaltenes, its composition 

may be the major contributor to rapid catalyst aging. The high metal 

content of SRC may also contribute significantly to catalyst deacti­

vation. 

Two different severity des{gn cases have been proposed for LC-Finer 

operation. Both produce essentially the same yield of distillate 

product from SRC. SRC conversion is defined as the amount of 850°F+ 

material converted Lo 850°F- products. In the high.,...severity dasig11 

case, in which about 80% of tte SRC is converted, the reactant flow rate 

is about one-half that of the alternate design low-~everity cas~. The 

conversion of SRC in the alternate design case is approximately 46~&. 

Yield structures for the two severity cases are given in Table 1. 

To prove SRC hydrocracking technology in the demonstration plant, a 

catalyst having a suitable life for hydrocracking SRC must be specified 

before demonstration plant start-up. Prior LC-Finer process studies 

claimed that a modified Shell 324 Ni-Mo-A1 catalyst m~t all the d~sired 
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Table 1 

LC-Finer Design Basis 

Yield distribution (wt % of fresh feed) 

High-severit~ Low-severit~ 

Fresh feed 
Oi 1 5.10 5.09 
SRC 94.90 94.91 
Total 100.00 lOO.UU 

Recycle stream 

Oi 1 106.70 42.86 

SRC 75.44 0.00 

Total 182.14 42.86 

Net product 

H2S 0.87 0. 78 

NH3 1.72 0. 79 
·H20 4.79 3.90 

c1-c4 14.08 8.91 

c5-400°F 16.72 9.28 

400-500°F 18.94 7.26 

500-650°F 12.29 8.27 
b!:JU.,-850°F 15.27 9.34 
SRC 20.29 53.97 

Hz -5.00 -2.50 

Total 100.00 100.00 

SRC conversion (vol %) 79.2 45.6 

Desulfurization (wt %) 96.7 86.2 

Denitrogenation (wt %) 85.9 39.6 

Deoxygenation (wt %) 93.7 76.5 
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design specifications. However, the catalyst consumption level is such 

that catalyst cost is a major factor in the hydrocracking process. 

The major purpose of this program was to develop a data base that 

would increase confidence in the process design by verifying the per­

formance of the modified Shell 324 Ni-Mo-Al catalyst. Specifically, the 

program was designed to determine intrinsic catalyst activity and sta­

bility, in addition to changes in conversion and product dis.tribution 

with catalyst age under SRC-I Demonstration Plant design condition~. 

EXPERIMENTAL PROGRAM 

Feed Materials 

Heavy solvent-refined coal (HSRC) from Kentucky #1!1 Fies mine coal 

and process solvent from the catalytic hydrocracker used in the program 

were supplied by the Wilsonville Advanced Coal Liquefaction Facility. 

Both the HSRC and the process so 1 vent were co 11 ected during the opE: -'a­

t ion of run "235. Detailed analyses of HSRC and process solvent :::~"e 

reported in Table 2. The process solvent was completely soluble in 

pentane, whereas approximately 6 wt% of the HSRC was soluble in 

pentane. The feed HSRC also contained high levels of metals, especially 

sodium. The high sodium level was due to Na 2co 3 addition in the initial 

liquefaction step during run 235 to prevent chlorine cprrosion. 

Modified She 11 324 Ni -Mo-A 1 catalyst used in the program was sup-

-plied by Shell Development Company, Houston, Texas. The detailed 

analysis of the catalyst is summarized in Table 3. 

Reactor Design 

A reactor having an annular fixed catalyst basket fitted int~ a 

2-liter stirred autoclave was specifically designed a~d constructed for 

the program (Figure 1). Alternative reactor desi~ns may have been 

considered, and in fact should be investigated in the future in order to 

eifect etticient mixing ot reactants and catalyst and homogeneity of 

temperature. One possib'ility is to use rotating cages of catalyst on 

the stirrer shaft. Due to limitations of time and other considerations, 

such a study has not been attempted. Specific mea?urements of the fixed 

cataly~t ba~kct reJctor Jre provided in Table 4. The reactor was heated 
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Table 2 

Detailed Analysis of Feed HSRC and Process Solvent 

Pentane solubles 
Pentane insolubles 

Carbon 
Hydrogen 
Oxygen 

Nitrogen 

Sulfur 
- a Metal? (ppm) 
Arsenic 

Vanadium 
Iron 

Sodium 

Titani urn 
Ch,orine 

a Data from Catalytic, 1981. 

HSRC 

6.0 

94.0 

86.9 

6.0 

4. 1 

2.0 

1.0 

<1 

12 

150 

200 

120 

44 

6 

Wt ~6 

Hydrotreated 
process solvent 

100.0 

0.0 

89.3 

9. 7 

0.5 

0.5 
<0. ·1 



Table 3 

Analysis of Shell 324 Ni-Mo-Al Catalyst 

Ni 2.7 wt% 

Mo 15.9 wt % . 
p 3.0 wt% 

Size 1/16 in. --

Surface area 152 m2/g 
0 

Median pore diameter 96 A 

Median pore volume 0. 38 ml/g 
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FIGURE 1 

FIXED BASKET CATALYTIC REACTOR DESIGN 

. c.n 

2.5C~~ i 

FLAT BLAD§., 
TURBINE _, . 

FLAT 
BLADE 
IMPELLER 

BAFFLE 

15.2 em 

THERMOCOUPLE 
WELL ·~-- 9.52 em -__,;._••1 
0.6 em 

8 

SIDE VIEW 

30.8 em 

1 
TOP VIEW 



Table 4 

Reactor Specifications 

Reactor Dimensions 

Inside diameter of the reactor= 9.52 em 

Total working volume of the reactor= 1,835 ml 
No. of thermocouple wells= 1 

Effective height of the reactor= 30.8 em 

Hole at the bottom for feed inlet 

Hole in the reactq~ side for product o~tlet 

Basket Dimensions 

Outside diameter= 8.5 em 

Inside diameter= 7.3 em· 

Thickness= 0.6 em 

Screen size= 14 U.S. mesh with 0. 14-cm openings 

No. of segments in the basket = 3 

No. of baffles insirlP the basket ; 3 

No. of baffles outside the basket = 4 

Height of the basket = 23 em 

Catalyst 

Catalyst size = 1/16-in. dia. extrudates 

Maximum catalyst weight = 200 g 
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by resistance heaters surrounding the reactor wall. The internal 

reactor temperature was controlled and measured by a thermocouple well 

immersed in the slurry phase. 

Cold-Flow Experiments 

A Plexiglas mockup of the reactor fitted with the catalyst basket 

was designed and fabricated to study mixing behavior and to determine 

gas holdup in the reactor. The experimental conditions for cold-flow 

studies were carefully chosen to simulate the actual mixing behavior at 

hydroprocessing reaction conditions, and are given below: 

Reac~or VU l UIJII:! = l , 83G ml 

Water flow rate = 200 g/hr 

Air flow rate = 200 slph. 

Catalyst weight = 200 g 

Stirring speed = 500-l ,000 rpm 

Mixing Behavior. Several different impeller configurations, e.•J., 

marine propeller~ and flat-blade and pitched-blade turbines, were tested 

to determine liquid mixing, gas dispersion, and gas/liquid/catalyst 

contact in the reactor. Gas/liquid/catalyst contact was qualitatively 

evaluated by observing the flow of ~as and liquid through the fixed 

catalyst basket. However, liquid mixing was determined by dispersing a 

dye in the reactor. 

Liquid mix.ing was excellent with almost all impeller contigura­

tions; less than 6 seconds were required to completely d·isperse Lilt= Llyt= 

in the reactor. However, the flow of gas and 11qu1d through the 

catalyst basket varied with impeller configuration and stirrer rpm. At 

i1 lnw impr.llcr rate of 500 rpm, no flow of gas; and liqLiid throuqh the 

catalyst basket was observed; instead, the flow bypassed the basket, as 

depicted 1n Figure 2. Increasing the stirrer speed improved flow 

through the basket. However, the flow was not uniform, and was con­

centrated in the region close to the impellers, as shown in Figure 3. 

The catalyst in the regions marked by A, A1
, B, and 8 1 was virtually 

isolated from the ~as and liquid flow. A flat-bladed impeller encom­

passinq the entire width of the basket (Figure 4) gave the best distri-
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bution of gas and liquid through the catalyst basket, and was selected 

for the hydroprocessing experiments. 

Gas Holdup._ Several s·imulaLed runs us1ng Lhe flat-bladed impeller 

were made to determine gas holdup. The experimental conditions were as 

follows: 

Water flow rate = 200 g/hr 

Air flow rate = 200 slph 

Stirrer speed = 1,000 rpm 

The measured low gas holdup of only 3.5 vol% would not signif­

icantly alter the nominal residence time of the liquid in the reactor. 

However, gas holdup increased considerably by increasing stirrer speed 

above 1,000 rpm. Because considerable slippage of the magnetic stirrer 

was observed at this higher speed, a stirrer speed of l ,000 rpm was 

selected for hydroprocessing runs to minimize slippage. An increase i~ 

gas holdup would normally decrease the effective liquid volume in the 

reactor, resulting in a reduction in nominal residence time. Such a 

reduction woutd decrease overall SRC conversion and concomitantly alter 

the product distribution. Since the factors controlling gas holdup are 

not understood, the change in the performance of the reactor due to 

scale-up is difficult to predict. 

Process Development Unit (PDU) Operation 

PDU Preparation. The basket was filled with a predetermined amount 

of catalyst and placed in the 2-liter autoclave. The autoclave was 

sea 1 ed and the entire PDU was pressure-checked to L, UUU ps 1 g 

sible leaks using he.lium gas. When the unit was leak-t·,ght, 

gas flow was initiated to calibrate the hydrogel} flow rate. 

tor pas­

hydrogen 

After 

calibration wa~ completed, crco~otc oil .:1nd hydrogen flow w.:1s stJrted. 

At this time, the unit was checked for proper operation of all con­

trollers. 

Sulfiding the Catalyst. Reactor t~mperature was slowly raised from 

ambient to 600°F, while creosote oil and hydrogen gas passed through the 

unit. A sulfur compound such as ethane dithiol or ethyl disulfide was 

added to the creosote oil to sulfide the catalyst. The concentration of 
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the sulfur compound in the feed was 3 wt %. Initially, no H2S was 

detected by the on-line gas chromatograph (GC), but after a few hours, 

H2S breakthrough occurred (indi~ating catalyst sulfiding), and H2S 

concentration increased with sulfiding time. The creosote oil mixed 

with the sulfur compound was pumped for 6 more hours to ensure complete 

catalyst sulfiding; the amount of sulfur required for complete sulfiding 

was calculated to be 10.7 wt %. 

Reaction Conditions. When catalyst sulfiding was completed, the 

pump was switched to begin pumping SRC feed material consisting of a 

70 wt% HSRC/30 wt% hydrotreater process solvent mixture. Reactor 

temperature was raised from 600°F to the desired reaction temperature, 

and maintained at that level for a predetermined period. The reaction 

temperature was increased to a specified higher level, if desired during 

the course of the run. Several samples were taken for detailed 

analysis. A complete sample consisted of one 8-oz. total product liquid 

sample containing c5+ material, a light condensate sample, and a prod' ~t 
gas sample. The light condensate sample was mainly water. 

Product Work-Up 

The feed and product liquid samples from a run were solvent­

separated into pentane-soluble and -insoluble fractions. The pentane­

soluble fraction was analyzed by encapsulated GC-simulated distillation 

to measure the 850°F- and 850°F+ fractions. Encapsulated GC-simulated 

distillation uses the standard ASTM 02887 procedure. A detailed 

description of the technique can be found in a report previously 

published by ICRC (14). The calculated value of 850°F+ was added to the 

weight percent pentane-insoluble fraction to determine the total amount 

of 850°F+ material in the total sample. Product distribution was cal­

culated on the basis of 850°F+ conversion to gases and liquid (850°F+ 

material is defined in this report as SRC). SRC conversion was cal­

culated using the following formula: 

Percent SRC conversion = (850°F+ feed) - (850°F+ product) x 100 (850°F+ feed) 

Total hydrogen consumption from gas represents the amount of hydro­

gen consumed from the gas phase during the hydroprocessing of SRC. At 
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steady-state operation, during which the hydrogen content of the solvent 

does not change, this value will·truly represent the net hydrogen con­

sumption. However, the hydrogen content of the solvent changes somewhat 

in once-through or unsteady-state operation, resulting in either net 

consumption of hydrogen by the solvent or net transfer of hydrogen from 

the solvent. In hydroprocessing SRC, the total hydrogen consumption 

from gas is therefore adjusted by either adding the net hydrogen 

trans fer red out from the sol vent or by subtracting the net hydrogen 

consumed by the solvent to calculate net hydrogen consumption (at steady 

stJ.tc). 

RESULTS AND DISCUSSION 

Several SRC hydroprocessing runs were performed to determine the 

effect of process variables such as reaction temperature and reaction 

time on catalyst performance. The effect of variation in reactic 

temperature was evaluated in run CCL-50, while runs CCL-54 and CCL-E" 

were carried out to study catalyst aging at 775 and 825°F, respectively. 

The results of the hydroprocessing runs are described in detail below. 

Process variables other than temperature, such as total pressure 

and hydrogen flow rate; were maintained constant during the operation of 

all three runs. 

Effect of Reaction Temperature 

Reaction temperature effects on catalyst performance were deter­

mined by using temperatures of 775, 800, and 825°F during run CCL-50. 

The initial reaction temperature of 775°F was raised in steps to 800 and 

825°F. The results of run CCL-50 are summarized in Table 5. 

The experimental data revealed that SRC conversion and hydrocarbon 

(HC) gas production were very sensitive to reaction temperature; both 

increased linearly, as shown in Table 5 and Figure 5. However, oil 

production did not change with temperature (Table 5). These results 

clearly indicate that the increase in SRC conversion with temperature 

resulted in increased HC gas rather than oil production. A similar 

interpretation can be derived by observing the significant increase in 

the selectivity for HC gases over oils with increased reaction temper-

16 



Table 5 

Variation of Product Distribution with Temperature 

S~mple no. 50-26 50-74 50-122 50-146 50-170 
Time on stream (hr) 26 74 122 146 170 
Catalyst age (g SRC/g catalyst) 16.1 45.5 74. 7 89.0 102.8 
Reaction temperature (°F) 775 800 825 825 775 
Pressure (psig) 2,000 2,000 2,000 2,000 2,000 
H flow rate (scf/lb feed) 20.2 18.6 16.7 18.6 19. 3 
w~sv (g SRC feed/g catalyst-hr) 0.88 0.96 l. 06 0.96 0.92 
LHSV (ml feed/ml reactor-hr) 0.09 0. l 0 0. ll 0. l 0 0.09 

Product distribution 
(wt % SRC feed) 

HC 6. l ll . 4 14.3 16.5 6.4 
co, co 0. l 0. l 0. l 0. l 0.2 
H2S, N~ 3 3. l 3. l 3.4 3. l 2.5 
HtO 4. l 4.5 4.4 4.4 3. 7 
0 l 47.8 46.6 48.0 48.0 43. l 
SRCa 43.2 39.0 34.9 33.0 48.0 
Conversion 56.8 61. 0 65. l 67.0 52.0 

H2 consumption (wt% SRC feed) 

Total from gas 4.5 b 4. 7 5.0 5.2 3.9 
From solvent _ _.., 

(0.7) (0.5) (0.4) (0.4) (0.6) 
Net 3.8 4.2 4.6 4.8 3.3 

Desulfurization (%) 86. 1 89.8 93.2 90.6 80. l 
Denitrogenation (%) 62.6 61.7 68.4 61.8 47.8 
Deoxygenation (%) 71. 6 T/.4 76.3 76.J 65. 1 
Selectivity 

HC gases/oils 0.13 0.24 0.30 0.34 0.15 
Oi1/H2 consumption 12.6 11. 1 10.4 10.0 13.1 

First-order rate constaor 
for SRC conversion (hr ) l. 16 l. 50 2.00 1. 94 l. 00 

aSRC is defined as the material boiU.ng above 850°F. he ) represents negative value. 
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atures. (Selectivity is defined as the weight ratio of HC gas produc­

tion to oil production). As expected, hydrogen consumption al~~ 

increased with temperature (Table 5 and Figure 6). However, heteroatom 

gas production was not very sensitive to increasing temperature (see 

Table 5 and Figure-5). Likewise, minor variations in total desulfuri­

zation, denitrogenation, deoxygenation, and S~C sulfur content were· 

noted with increasing temperature (Figures 7 and 8). The first-order 

rate constant for the conversion of SRC increas·ed by a factor ot· twp 

with an increase in the temperature from 775 to ~25°F (refer. tp 

Appendix A, equation A-5). 

The ~lemental analyses of pentane-soluble an~ -insolutle fractions 

of the actual feed for run CCL-50 and an analytical m1xture of 70 wt % 
HSRC/30 wt% solvent are summarized in Table 6. Lpwer ·hydrogen and 

higher nitrogen and sulfur contents clearly in~icated that the feed was 

somehow contaminated by a foreig·n material. Detailed analysis of the 

feed material by capillary GC indicated the presence of ·a sina 11 ainourit 

of creosote oil. However, this did not significantly affect.th~ prop6t­

tion of pentane solubles and insolubles and the 850°F~ and 850°F+ frac­

tions in the feed materials (Table 6)~ 

Table 7 shows an increase in the hydrogen content of the pentane­

soluble fraction of the total liquid product containing c5+' m~t~rial at 

a 11 three temperatures. The hydrogen. content of the pentane:.. i nso 1 ub·l e 

fraction of the product either remained constant or decreased compared 

with the feed material. However, the hydrogen contents of· both 

fractions, decreased with increasing reaction temperature (Tqble 7). 

Although oxygen, nitrogen, and sulfur in the product fractions d~creased 
considerably compared with the feed, they were not very sensitive to 

reaction temperatu~e. 

Since the reactor temperature was the same at the beginning an~ end 

of the run (775°F), the final activity of the catalyst was compared to 

its initial activity to evaluate the change. SRC conversion decreased 

from 57 to 52% after 170 hr of operation. Likewise, pil production, 

desul furi zat ion, denitrogenat ion, deoxygenation, and hydrogen consump­

tion decreased slightly with time on stream. The first-order rate 

constant for the conversion of SRC decreased ·from 1.2 to 1.0 ~r-l with 

time. All of these results indicate that the catalyst lost soine of its 
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Table 6 

Analysis of Feed Material 

Actual feed for Analytical preparatioh.of 
run CCL-50 70 wt % HSRC + 30 wt % solvent 

Pentane solubles (wt %) 50.9 

Pentane insolubles (wt %) 49.1 

Pentane solubles: (wt %) 

c 
H 

0 

N 

s 

Pentane i nso l ub l es: (wt %) 

c 
H 

0 

N 

s 

89.2 

8.1 

1.3 

1.1 

0.4 

85.6 

5.5 

5.3 

2.5 

0.9 

Distillation fraction~ (wt %) 

850°F- 38.0 

62.0 

23 

47.3 

52.7 

88.8 

9.2 

1.4 

0. 7 
0.1 

85.1 

5.6 

5.8 

2.3 

0.9 

36.3 

63.7 



Reaction temperature (°F) 

Pentane solubles (wt %) 

Pentane insolubles (wt %) 

Pentane solubles: (wt %) 
c 
H 

0 

N 

s 

Pentane insolubles: (wt %) 
c 
H 

0 

N 

s 

Table 7 

Distribution of Elements in the Feed 

and Product Liquid Samples 

Sample no. 
Feed 50-26 50-74 50-122 

775 800 825 

50.9 86.9 88.5 88.3 

49.1 13.1 ll.5 ll. 7 

89.2 89.3 89.8 89.7 

8.i 9.2 8.8 8. 7 

1. -~ 0 7 U.b U.b 

1.1 0.5 0.6 0.4 

0.4 <0.1 <0.1 <0.1 

85.6 88.8 89.7 89.6 
5.5 5.5 5.3 5.1 
5.3 3.0 2.5 3.2 

2.5 2.2 ? ? 
~ .... ?.? 

0.9 0.4 0.3 ,0. 4 

24 

50-146 50-170 

825 775 

88.2 81. 1 

ll.8 18.9 

89.8 89.4 

8. 7 9.0 

U. I 0.8 

0.6 0.6 

§0.1 <0.1 

90.3 89.2 

5.0 5.5 

2.5 3.0 

? 3 2 5 

0.3 0.5 



activity during the .run, which was pos~iblj due t6 sever~l factors that 

will be discussed in det~il in su~se~uent s~ctioris. 

It can be concluded .th~t SRC .. conversion, hydrocarbon gas produc­

tion, and hydrogen consumption are very sensitive to reaction temper.:.. 

ature. However, oil production does not change with increasing 

temperature from 775 to 825°F. An increase_ in hydrocarbon gas produc­

tion along with hjdrogen consumption results in a severe reduction in 

selectivity for oil production over both hydrogen consumption and hydro­

carbon gas production. This observation suggests a very inefficient use 

of hydrogen at higher temperatures and ~mphasizes the benefits of using 

lower reaction temperatures. In ~ddit~on, the ~ata. 1ndicate no signif­

icant reduction in heteroatom removal by lowering the reaction temper­

ature. 

Effect of Residence Time 

Residence time effects on catalyst performance were determined by 

using nominal residence times of 5 and 10 h~ during. ruhs CCL-50, 54' an~ 

63. The residence t·i me was varied at bcith 775 and 825°F by changing the 

internal volume of the reactor by placing a metal insert at the bottom 

of the autoc 1 ave. In effect, this decreased the noridnal (void) res1-

dence time while keeping the catalyst residence time the same; this in 

effect left the feed pump rate to the reactor unchanged, and resulted in 

higher hydrocarbon gas formation and lower SRC conversion, as well a5 

lower oil production (Table 8). The reduCtion in overall reactor resi­

dence time also considerably decreased heteroatom removal. With 

decreasing overall residence time, the selectivity for gas over oil 

increased and that for oil over_ hydrogen consumption decreased; the 

first-order rate constant for SRC conversion decreased slightly at 

775°F, but decreased sharply at 825°F. 

SRC hydroprocessing conceptually involves competing thermal and 

catalytic reactions. The proportion of thermal to catalytic reaction 

may vary due to variations in the residence times. If the reaction is 

predominantly catalytic, SRC conversion would remain unchanged with 

decreasing nominal (void) resi.dence time. However, if thermal reaction 

predominates, conversion as we 11 as the products from therrria l reaction 

will diminish as residence time dimin~shes. At 775 and 825°F, the 
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Table 8 

Variation of Product Distribution with Reaction Time 

Sample no. 

Reaction temperature (°F) 

Reaction time (hr) 

Pressure (psig) 

H2 flow rate (scf/lb feed) 

WHSV (g SRC feed/g catalyst-hr) 

Product distribution (wt % 
SRC feed) 

HC 

CO C0 2 
H

2
S ,· NH

3 
H

2
0 

Oil 
SRC 

Conversion 

H2 consumption (wt% SRCa feed) 

TuLdl fr·om gas 

From solv.ent 

Net 

Desulfurizat1on (%) 

Denitrogeriation.(%) 

Deoxygenation (%) 

Se 1 ect i vity 

HC. gas/o11 
Oil/H2 consumption. 

First-order rate constant 

for SRC conversion (hr- 1) 

50-26 

775 

11 

2,000 

20.2 

0.88 

6.1 

0.1 

3.1 

4.1-
47.8 

43.2 

56.8 

4.5 
(0. 7)b 

3.8 

86.1 

62.6 

71.6 

Q.13 
12.6 

1. Hi 

54-25 

775 

5 

2;000 

17.0 

1. 20 

6.6 

0.0 

2.0 

4.5 

32.8 

57.4 

42.6 

3.~ 

0.0 

3.4 

78.0 

45.8 

68.6 

0.20 

9.6 

O.RR 

~SRC is defined as the.material boiling above 850°F. 
l ) represents negat1ve value. 

26 

50-122 

825 

9 

2,000 

16.7 

1. 06 

14.3 

0.1 

3.4 

4.4 

48.0 

34.9 

65.1 

5.0 
(0.4) 

4.6 

93.2 

68.4 

76.3 

0.30 

10.4 

2.00 

63-96 

825 

5 

2,000 

17.7 

0.97 

22.3 

0.0 

2.3 

5.0 

27.4 

47.6 

52.3' 

4.6 

0.3 

4.9 

81.1 

53.7 

76.6 

0.81 

5.60 

1. 07 



conversion activity decreased as nominal (void) residence time 

decreased, indicating the preponderance of thermal reaction. The slight 

increase in gas yield at the lower residence times indicated that gases 

somewhat unexpectedly are derived via a catalytic reaction. Because the 

space velocity effect is so ill-defined by the data, conceivably the 

actua 1 reaction mechanism may be reflected in an interaction of the 

thermal and catalytic steps. More work is needed to verify the varia­

tion and interaction of thermal and catalytic reactions with resi'dence 

time to understand the true mechanism. 

Catalyst Aging Studies 

A mixture of HSRC and process solvent.was hydroprocessed using the 

fixed catalyst basket reactor. Before the reactor was used for the 

catalyst aging study, one major modification was made to its design. 

The original design called for 0.1 liquid hourly space velocity (LHSV), 

which resulted in a nominal residence time of 10 hr. In order to reduce 

residence time, the ·reactor volume was reduced by placing a metal insert 

at the bottom of the autoclave; (see reference 1 for detailed informa­

tion on.changes i~ reactor desi~n). The modification resulted in a LHSV 

of 0.2, which corresponded to a nominal residence time of approximately 

5 hr. 

Two runs were performed at constant temperatures of 775 :and 825°F 

to determine the variation of SRC conversion and activity of the modi­

fied Shell Ni-Mo-Al catalyst with time. The results of these experi­

ments are discussed below. 

Catalyst Aging at 775°F. Catalyst activity and aging were deter-

mined at 775°F in run CCL-54. Utmost care was taken to maintain the 

operating conditions close to the desired values during the entire run. 

Several samples were collected during the course of the run to determine 

variations in SRC conversion and catalyst activity with time on stream. 

1Di!i§L~§H1Y2L~f11Yi!Y. Initially the She 11 324 Ni -Mo-A 1 

catalyst yi e 1 ded SRC conversions of 43 to 48% at 775°F ( samp 1 e nos. 

54-13 and 54-25; Table 9). Overall desulfurization, denitrogenation, 

and deoxygenation were 82.0, 47.5, and 68.3%, respectively. The sulfur 

content of unconverted SRC was 0.22 to 0.26~&. Hydrogen consumption, 

determined by elemental hydrogen balance, was 3.2 to 3.4%. The first-
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Table 9 

SP.C Hydroprocessing Product Distribution 

Su le no. 

54-13 54-25 54-49 54-97 54-169 54-246 54-270 54-294 54-342 54-414 54-435 

Time on stream (hr} 13 25 49 97 169 246 2:'0 294 342 414 435 
Reactor temperature (oF} 775 775 775 775 775 775 7"'5 775 775 775 775 
Pressure (psig) 2,000 2,000 2,000 2,000 2,000 2,000 2.000 2,000 2,000 2,000 2,000 
H flow rat.e (scf/lb of teed) 14.2 17.0 19.6 16. 7 15.3 14.9 14. 7 14.4 15.0 15.2 15.5 
W~SV (g of SRC feed/g of catalyst per hr) l. 34 l. 20 l. 03 1. 20 l. 28 l. 21 l. 23 l. 26 1. 21 l. 22 1. 24 
Catalyst age (g of SRC f~ed/g of catalyst) 10.2 20.1 37.3 74. 1 145.0 207..8 226.7 246.0 283.5 338.0 354.6 
Product distribution (wt% SRC feed) 

N HC 5.2 6.6 7.1 6.5 4.6 5.1 5.2 5.5 3.8 4.4 4. 1 
co co, co 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 

H2S, I'A~3 2. 1 2.0 2.2 2.1 1.8 1.7 1.6 1.5 1.0 0.7 0.6 
H 0 4.5 4.5 4.3 4. 7 4.3 4.6 4.3 4. 1 3.3 2.9 2.8 
O~ls 39. 1 32.8 34.6 32.6 30.0 31.8 32.3 29.3 25.6 17.2 15.6 
SRC 52.3 57.4 54.8 57.4 62.0 59.6 59.2 62.3 68.3 76.3 78.4 
Conversion 47.7 42.6 45.2 42.5 38.0 40.4 40.8 37.7 31. 7 23.7 21.6 

H2 consumption (wt% SRC feed) 
3.23 3.33 3.60 3.36 2. 71 2. 79> 2.59 2. 70 l. 93 l. 55 l. 39 Total from gas 

From solvent 0.01 0.06 0.05 0.06 (0.07)a (0.02) :o.09) 0.06 0.07 (0. 01) (0.09) 
Net 3.24 3.39 3.65 3.42 2.64 2. 77 2.50 2. 76 2.00 l. 54 1". 30 

Oesulfuriza:ion (%) 82.0 78.0 84.2 78.8 74.4 70.3 75.2 70. 1 4R.8 34.0 34.5 
Oenit.rogena:ion (%) 47.5 45 8 51.1 47.2 37.6 36.0 32.2 30.9 20.1 13.2 9.0 
Deoxygenation (%) 68.3 68 6 65.8 70.7 65.0 70.2 1)5.4 62. 1 49.9 44.8 42.2 
SRC sulfur •:%) 0.22 0 26 0.21 0.24 0.27 0. 30 0.27 0.32 0.48 0. 49 0.51 
First-order rate con~~ant for 

SRC conversion (hr ) 1. 22 0 88 0.35 0.88 0. 78 0.82: 0.85 0. 76 0.56 0.38 0.34 
0 i 1 s produc ·: i on/H2 consmpt ion 12.07 9.68 9. 48 9.53 11.36 11.48 n92 10.61 12.8 11. 17 12.00 

aNumbers in parentheses are negative ·JalnE"s. 



order rate constant for the conversion of SRC varied from 0.88 to 1.22 
-1 hr . The distribution of elements in the pentane-soluble and 

-insoluble fractions of the total liquid product containing c5+ material 

(Table 10) showed no change in the hydrogen contents of the feed and 

product samples. However, the oxygen and sui fur contents in both frac­

tions decreased significantly. Nitrogen content of the pentane­

insoluble fraction, which represents unconverted SRC, changed only 

marginally relative to the feed. 

~§t§lY§t_69iD9· To evaluate catalyst performance with time, reac­

tion temperature and other reaction conditions were held constant 

throughout run CCL-54. As seen in Table 9 and Figure 9, SRC conversion 

changed slightly during the first 294 hr (catalyst age = 246 g SRC/g 

catalyst), and then began to decrease gradually--from 38% at 294 hr to 

21% at 435 hr. Similarly, oil and hydrocarbon gas production remained 

constant during the first 294 hr, and then started to decrease (see 

Table 9 and Figure 10). Aithough hydrogen consumption decreased 

gradual'ly with time (Figure 11), the hydrogen contents of the pentane­

soluble and -insoluble fractions did not vary significantly (Table 10). 

Fi.gure 12 and Table 9 show that desulfurization, denitrogenation, and 

deoxygenation generally decreased slightly up to 294 hr, but decreased 

sharply thereafter. Likewise, SRC sulfur content did not change signif­

icantly up to 294 hr, but then increased sharply (Figure 13). The trend 

followed by the first-order rate constant (Figure 14) is similar to that 

noted for SRC conversion itself (Figure 9). 

Figure 15 illustrates how select1v1ty varied with catalyst age. 

Interestingly, although SRC conversion decreased with catalyst age, 

selectivity was maintained at its initial value. 

~§t§lY?t_6D§}Y?i2· After run CCL-54, two samples of the spent 

catalyst, one from the upper and the other from the lower half of the 

basket, were recovered for detailed analysis. The, spent catalyst 

samples were washed first with pyridine and then with pentane to remove 

any residual SRC from the surface, and then dried at room temperature 

under a continuous flow of nitrogen. 

Table 11 summarizes the detailed analysis of fresh and spent cat­

alysts. The data indicate tht;lt carbon was not deposited uniformly on 

the catalyst; that from the upper half of the basket contained more than 
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Table 10 · 

Distribution of Elements in the Feed and Product _iquid Sampl~s 

Sam~l ~ no. 

Feed 54-13 54-25 54-49 54-97 54-169 54-24) 54-270 54-294 54-342 54-414 54-435 

Per,tane soluble (wt %) 47.3 a;:· 1 79.4 82.6 80.2 78.8 77.9 76.9 73.6 65.5 61.4 61.5 
\ 

Pentane insoluble (wt %) 52.7 lJ. 3 20.6 17.4 19.8 21.2 22.11 23.1 26.4 34.5 38.6 38.5 
Pentane solubles (wt %) 

c 88.8 89 4 89.4 89.8 90. 1 89.7 89.!: 89.9 89.6 89.9 89.6 89.4 
H 9.2 9.2 9.3 9.3 9.3 9. 1 9. 1 9.0 9.3 9.3 9.2 9.0 

w 0 . l. 4 (I 8 0. 7 1.0 0. 7 0.9 0. J 0.8 O.S 1.0 1.3 1.2 
0 N 0.7 0.6 0.6 0.5 0.6 0. 7 0. J 0.8 0.7 0.7 0. 7 0.8 

s 0. 1 (I 04 0.04 0.01 0.04 0.05 O.C7 0.05 0.05 0.11 0.22 0.19 
H/C l. 24 1. 24 1. 24 1. 24 l. 24 1. 2l 1.::3 l. 21 l. 24 1. 24 1.23 l. 21 

Per.tane insolub]es (wt %) 

c 85.1 81.5 87.8 8~.5 87.9 89.4 88.~ 89.4 87.3 88.7 88.1 87.8 

H 5.6 5.6 5.5 5. 7 5.5 5.6 5.E 5.6 5.5 5.5 5.4 5.5 
0 5.8 3.6 3.4 3. 1 3.0 3.5 3.( 3.3 3.6 3.7 3.6 4.0 
N 2.3 2.2 2.3 2.2 2.2 2.3 2.4 2.4 2.4 2.5 2.6 2.5 

s 0.9 0.4 0.5 0.5 0.5 0.5 0.~ 0.4 0.5 0.6 0.6 0.6 
H/C 0. 79 0. 77 0. 75 0. 76 0.76 0. 75 0. ~5 0.75 0. 75 0. 74 0. 74 0.75 
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Table 11 

Detailed Analysis of Fresh and Spent Catalysts from Run CCL-54 

c 
H 

N 

s 
Ni 

Mo 

Fe 

Ti 

Ca 

Na 

SurfJ.cG JrcJ (m?/g) 
0 

Median pore diameter (A) 

Median pcre volume (ml/g) 

Fresh 
catalyst 

2.7 

15.9 

152 

96 

0.38 

38 

Wt % 

Spent catalyst 

Upper half Lower half 
of basket of ba5ket 

18.4 8.1 

1.7 1.4 

0.6 ·0.3 

6.3 7.0 

2.0 1.9 

10.1 10. o· 

0.2 0.3 
0.3 0.4 

0.1 0.1 

4.2 4.3 

89 72 

49 39 

0.14 U.lU 



twice as much carbon. However, the level of metals deposited on both 

samples was comparable. Deposition of metals and carbon on catalysts is 

known to reduce the sur-face area, pore volume, and cata-lyst activity, 

and the data in Table 11 substantiate this--surface area and pore 

diameter and volume of both catalyst samples were significantly reduced. 

Decreased surface area and pore volume probably reduced catalyst activ­

ity. 

Whether the reduced activity was due to carbon or metal deposition, 

or both, is currently unknown. The level of metals and carbon deposited 

was normal, except for an unusually high level of sodium (Table 11), 

which probably resulted from a high sodium level in the feed SRC 

(Table 12), due to Na 2co3 addition during the initial coal liquefaction 

step. A-mass balance around the reactor revealed that only minor por­

tions of the iron and titanium in the feed SRC were deposited on the 

~atalyst, whereas most of the sodium was retained by the catalyst 

(Table 12). Because sodium has been reported to severely deactivate 

cracking as well as desulfurization catalysts (4 and 5), the unusually 

high level of sodium deposited on the catalyst may be one of the reasons 

for catalyst deactivation. More work is needed to confirm this observa­

tion. 

Catalyst Aging at 825°F. The activity and aging of the modified 

Shell 324 Ni-Mo-Al catalyst was determined at 825°F in run CCL-63. As 

mentioned earlier, the mixture of HSRC and process solvent was pumped 

along with hydrogen to the reactor immediately after the catalyst was 

su·l fi ded. The reactor temperature was increased from 600 to 825°F, 

where it remained for the entire run. PDU operation was smooth for the 

first 138 hr on stream (including 102 hr at 825°F), after which the feed 

pump failed and the unit was shut down; the reactor temperature was 

reduced to 550°F to prevent catalyst deactivation during shutdown. 

Operation was resumed after 216 hr. The unit was shut down one more 

time at 241 hr (127 hr on stream at 825°F) due to a hydrogen leak, and 

the reactor temperature was again reduced to 550°F. Operation was 

resumed at 318 hr and continued until 356 hr. Overall, the unit was on 

stream at 825°F for a total of 165 hr, during which several samples were 

taken for detailed analysis. 
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Iron 

Sodium 

Titanium 

Table 12 

Metal Distribution in the Feed (Weight of Fresh Catalyst, 

280 g; Calculated Weight ot ~pent Catalyst, 416 g) 

In the feed 
(1) 

14.9 

19.8 

11.9 

Amount of metals (g) 

Deposited 
on cata'lyst 

(2) 

40 

1.0 

17.7 

1.5 

In the 
product 

(1) - (2) 

13.9 

.? 0 1 

10.4 



The Shell 324 Ni-Mo-Al catalyst 

initially showed an SRC conversion of 54%, which was significantly lower 

than that noted in run CCL-50 (sample no. 63-34; Table 13). O'il and 

hydrocarbon gas production were 31 and 20%, respectively. Both these 

values were again significantly different from those noted in run 

CCL-50. Overall desulfurization, denitrogenation, and deoxygenation 

were 93, 60, and 76%. Hydrogen consumption, determined by elemental 

hydrogen balance, was 5%. The distribution of elements in the pentane­

soluble and - i nso l ub l e product fractions of the total liquid product 

containing c
5

+ materiai (Table 14) showed a significant decrease in 

hydrogen, oxygen, and sulfur contents compared with the feed liquid. 

The decrease in hydrogen content was probably due to the preponderance 

of thermal over catalytic reaction at 825°F, as discussed earlier. SRC 

sulfur content decreased from 1.0 to 0.1 wt %; however, the nitrogen 

content of the pentane-insoluble fraction, which represents unconverted 

SRC, changed only marginally relative to the feed. The first-order rate 

constant for the conversion of SRC was calculated to be 1.12 hr- 1 , which 

was also considerably lower than that noted in run CCL-50. The reasons 

for the marked differences in the results of runs CCL-63 and CCL-50 were 

already discussed in detail in the section titled 11 Effect of Residence 

Time. 11 

~§!9lY§L69iD9· SRC conversion changed slightly during the first 

96 hr at 825°F (catalyst age = 59 g SRC/g catalyst), but decreased 

considerably thereafter; this decrease in conversion after 96 hr could 

have been due to catalyst deactivation during the 3-day shutdown 

(Table 13 and Figure 16). Similariy, oil and hydrocarbon gas production 

re~ained constant during the first 96 hr, but decreased thereafter (see 

Table-13 and Figure 17). Hydrogen consumption decreased slightly during 

the initial 96 hr, but decreased significantly when the unit was 

restarted after the 3-day shutdown (Figure 18); however, no significant 

variations in the hydrogen conLents of the pentane-soluble and 

-insoluble fractions were noted (Table 14). Selectivity for oil produc­

tion over hydrogen consumption decreased slightly with catalyst age 

(Table 13), even after the shutdown. 
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Tabl_e l3 

SRC Hydroprocessing Product Distribution 

Sam le no. 
63-24 63'-48 63-72 63-96 63-151 63-lc:. 

Time on st1·eam (hr) 24 48 12 96 l.li 1 165 

Reactor temperature (OF) 825 825 825 825 825 825 

Pressure (psi g) 2,000 2;000 2,000 2,000 2,000 2,000 

H? flow rate (scf/lb of 
L 

feed) 16.0 18.7 18.5 17.7 12.4 14. 6 

WHSV (g of SRC· feed/g of 0.93 0;87 0.97 0.97 1. 24 1. 06 
catalyst per hr) 

Catalyst age (g of SRC 16.0 29.5 44.0 58.5 99. l 108.4 
feed/g of catalyst 

Product distribution 

(wt % SRCa feed) 

HC 20.37 21.28 17.64 22.31 14.77 15.40 

CO, C02 0.00 0.00 0.00 0.00 0.00 0.00 
H2s, NH 3 2.57 2.32 2. 18 2.28 1. 13 1. 28 

H20 5.04 5.29 4.92 5.04 4. 18 4.21 

O-ils 31.44 27.64 32. 17 27;35 18.05 13.40 

SRC 45.33 47.9~ 4b.98 47.65 64. 37 68. 16 
Conversion 54.67 52.05 53.02 52.35 35.63 31.84 

H2 consumption (wt ~~ SRCa feed) 

Total from g'.lc:; 4. 75 4.48 3.90 4.64 2.50 2.48 

From solvent 0.22 0.26 ·o.3o 0.27 0.42 0.42 
Net 4.97 4. 74 4.20 4.91 2.92 2.90 

Desulfurization (%) 93.39 88.24 84.23 81.08 63.02 62.20 
Oeni trogenati on (%) 59.89 52.81 49.29 53.67 20.06 25.35 

Oeokygcnatioh (%) 76.60 BO.~n 74. 79 76.60 63.43 63.95 
SRC sulfur (%) 0.10 0. 18 0.23 0.23 0.38 0.38 
First-order rate constant 1. 12 0.94 1. 09 1. 07 0.69 0.50 

SRC conversion (hr-1) 

0 i 1 production/H2 consumption 6.33 5.83 7.66 5.57 6.18 4.62 

3
SRC is defined as the material boiling above 850°F. 
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Table 14 

Distribution of Elements in Feed and Product Liquid Samples 

Sample no. 

Feed 63-24 63-48 63-72 63-96 63-151 63-165 

Pentane soluble (wt %) 
47.3 86.5 82.7 81.5 82.0 67.8 66.5 

Pentane insoluble (wt %) 
52.7 13.5 17.3 18.5 18.0 32.2 33.5 

Pentane solt.ibles (wt %) 

c 88.8 89.9 90.4 90.3 90.0 90. l 90.2 

H 9.2 8.8 8. 7 8. 7 8.7 8.5 8.5 

0 1.4 0.6 0.6 0. 7 0. 7 0.9 0.9 

N 0. 7 0.6 0.6 0.6 0.6 0.9 0. 7 

s 0. 1 0.01 0.01 0.02 0.05 0.07 0.07 

H/C 1. 2'1 l. 18 1. 15 1. 16 1. 16 1. 13 1. 13 

Pentane inso1ubles (wt %) 

c 85. 1 89.9 90.2 90.0 90.4 89.6 89.6 

H 5.6 5. 1 5.0 5.0 4.9 5.0 4.9 

0 5.8 3.7 2.5 2.8 2.6 2.9 2.8 

N 2.3 2.0 2.2 2.3 ? ? ....... 2.6 2.5 

s 0.9 0.2 0.4 0.4 0.4 0 .. 5 d.5 

H/C 0.79 0.68 0.66 0.67 0.65 O.fi7 0.66 
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FIGUR-E· 17 
VARIATION OF PRODUCTION· OF OILS AND 
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FIGURE 18 
VARIATION OF· H2 CONSUMPTION WITH TIME 

· (REACTION TEMPERATURE = 825°F) 
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Desulfurization decreased gradually (Figure 19), while the sulfur 

content of SRC in the reactor products increased gradually (Table 13). 

Denitrogenation and deoxygenation· de·creased slightly up to 96 hr, but 

decreased sharply when the unit was restarted after the 3-day shutdown 

(Figure 19). The first-order rate constant for the conversion of SRC 

showed the same trend noted for SRC conversion (Figure 20). The severe 

decline in catalyst activity after 96 hr could have been due to the 

problems encountered during the operation of run CCL-63. These problems 

could have prematurely deactivated the catalyst. The data at 825°F also 

showed a very high gas yield, which could have been due to maldistribu­

tion of gas and 1 iquid through the catalyst basket. Because these 

results seem to be out of line with those obtained both in run CCL-50 

and at Wi l sonvi ll e, the data obtai ned at 825°F in run CCL -63 are ques­

tionable and should be used with caution. 

~9t9lY§.L~09lY§i§. A samp 1 e of the spent catalyst was recovered 

after run CCL-63 for detailed anal.ysis. · ·The. sample was first washed 

with pyridine and then with pentane to remove any residual SRC from the 

surface. The washed sample was then dried at room temperature under a 

continuous flow of nitrogen. 

As shown in Table 15, a significant amount of carbon was deposited 

on the catalyst; moderate amounts of metal deposition other than sodium 

were also noted. (Similar results were noted in the catalyst aging run 

at 775°F.) Metal an9 carbon deposition caused a significant reduction 

in the surface area and pore vol!Jme of the catalyst; in f~ct, the pore 

volume analysis of the spent catalyst revealed an almost total disap­

pearance of pore structure. The reduction in the surface area and the 

loss of pore structure are the main reasons for the significant reduc~ 

tion in catalyst activity. 

Heavy sodium deposition on the catalyst was due to the presence of 

a high level of sod·ium in the feed SRC (Table 2); as mentioned earlier, 

this resulted from Na
2
co3 addition in the initial coal liquefaction 

step. A mass balance around the reactor revealed that minor portions of 

iron and titanium in the feed SRC were deposited on the catalyst, 

whereas a major portion of sodium in the feed SRC was retained by the 

catalyst (Table lEi). Similar results were noted in the SRC hydro­

processing run at 775°F. The amount of sodium deposited on the catalyst 
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c 
H 

N 

s 
Ni 

Mo 

Fe 

Ti 

Ca 

Na 

Surface 

Medium 

Median 

Table 15 

Det~iled Analysis of the Fresh and Spent Catalysts 

from Run CCL-63 

Fresh catalyst 

(wt %) 

2.7 

15. 9 

Spen~ catalyst 
(wt %) 

22.9 

1.4 

0.6 

6. 7 

l. 8 

6.6 

0. 1 

0. l 

0.002 

2.0 

area (m2/g) 152 22.3 
0 

pore diameter (A) 96 

pore volume (ml/g) 0.38 <0.05 

50 



Table 16 

Metal Distribution in the Feed and Spent Catalyst from Run CCL-63. 

(Weight of Fresh Catalyst, 300 g; Calculated Weight 

Iron 

Sodium 

Titanium 

. ' 

of Spent Catalyst, 450 g) 

In the feed 

( l) 

6.6 

8.6 

5.2 

51 

Amount of metals (g) 

Deposited 
on catalyst 

(2) 

0.5 

9.0 

0.5 

In the . 
prod!Jct 

' (l)- (2) 

q. l 

4-7 



(Tab 1 e 16) was higher than that present in the feed SRC because the 

amount of SRC hydroprocessed below 825°F was not included in the total 

amount of feed SRC. The heavy sodium deposition may also be one of the 

reasons for the severe catalyst deactivation. 

Comparison of Catalyst Aging at 775 and 825°F. Catalyst activity 
and aging data discussed earlier are compared in this section to deter­

mine relative catalyst activity and aging at 775 and 825°F. As 

expected, the i nit i a 1 conversion of SRC and the rate constant at 825°F 

were higher than at 775°F (Figures 21 and 22); SRC conversion was 54% at 

825°F as opposed to 43-48% at 775°F. Heteroatom removal activity of the 

catalyst was also hig.her at 825°F than at 775°F during the first few 

hours of operation. Hydrocarbon gas production and hydrogen consumption 

were considerably higher at 825°F than at 775°F, as shown in Figures 23 

and 24. On the contrary, oil production was lower at the higher temper­

ature (Figure 23). Finally, the selectivity for oil production over 

hydrogen consumption was considerably lower at 825°F that at 775°F 

(Figure 25). 

Catalyst activity remained constant during the first several hours 

of operation at both temperatures, but then declined sharply. At 775°F, 

SRC conversion changed slightly during the initial catalyst aging period 

of 246 g SRC/g catalyst, and then began to decrease gradually from 38% 

at a catalyst age of 246 to 215'& at a catalyst age of 357 g ~RC/g 

catalyst (Figure 21). Similar results were noted for the first-order 

conversion rate constant, oil and hydrocarbon gas production, and 

hydrogen consumption (see Figures 22 to 24). Although SRC conversion 

decreased with catalyst age at 775°F, selectivity was maintained at its 

initial value (Figure 25). 

Catalyst activity at 825°F ~lso changed slightly du.ring the initial 

catalyst a9ing period of 59 g SRC/g catalyst, but then decreased 

sharply; SRC conversion decreased from 5~ to 31%, as shown in Figure 21. 

Similar results were noted for oil and hydrocarbon gas production, 

first-order rate constant, and hydrogen consumption (Figures 22 to 24). 

However, selectivity decreased slightly with catalyst age at 825uF 

(Figure 25). As discussed earlier, the sharp decline in catalyst 

activity at 825°F, as well as shorter catalyst life compared with that 

at 775°F could have been due to several problems encountered during the 

operation of run CCL-63. 
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FIG·URE 25 
VARIATION OF SELECTIVITY WITH CATALYST AGE 
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CONCLUSIONS 

Overall, the design of the LC-Finer for the SRC-I Demonstration 

Plant is conservative for both the high- and low-severity conversion 

cases. Careful analysis of the experimental data lead to the following 

additional conclusions. 

0 ICRC POU data were comparable with those of Wilsonville and 

better than those of Luuuuu~ in terms of overall conversion and yield 

~tructurA. 

° Catalyst deactivation in the ICRC PDU was higher than that at 

Wilsonville, ·lJuL L11e ay!;!S at wh1ch actiVH.Y st.r~rt.Prl to decline were 

similar in the two units. 
0 The decl.ine in catalyst activity was probably mainly related to 

coke and metal deposition, which severely reduced surface area and pore 

volume. 
0 The presence of 1 arge amounts of sodi urn in the feed and its 

significant retention by the catalyst could also have contributed to 

catalyst deactiv~tion. 
0 Initial catalyst deactivation rate was comparable at 775 and 

825°F; catalyst activity rema·i ned c;onstant during the i hi t.i r~l pr~rt. of 
the run and then declined dramatically. 

0 SRC conversion, hydrocarbon gas production, and hydrogen con-

sumption increased with increasing reaction temperature. 

u Increasing SRC conversion resulted in a net increase in hydro­

carbon gas, but did not increase oil production. 
0 Greater hydrocarbon gas production together with higher hydrogen 

cons~mption with increasing temperature resulted in a severe decline in 

the selec;tivities for oil produc:t.ion ov~r both hydrocarbon gas pT·uLlut:­

tion and hydrogen consumption. 
0 Heteroatoril removal did not improve significantly by increasing 

reaction temperature. 
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RECot~MENDA TIONS 

In this program, several factors critical to the development of SRC 

hydroprocessing technology were identified. However, the following work 

is n~eded to fully understand their role in developing this technol~gy: 

0 

coals. 
0 

0 

0 

Investigate the effeCt of sources of SRC, such as different 

Investigate the effect of coal· liquefaction reaction severity. 

Develop data on long-term catalyst deactivation. 

Investigate the effect of reaction conditions on catalyst activ-

ity and aging. 
0 Investigate the effect of metal and coke deposition on catalyst 

deactivation. 
0 ·Investigate the effect of sodium on catalyst activity and aging. 
0 Investigate the effect of concentration of SRC on catalyst 

activity and aging. 
0 Investigate the effect of catalyst type on catalyst aging and 

yield structure. 

LITERATURE CITED 

1. Garg, D. 1982a. LC-Finer catalyst testing. Pages 335-369 in 

SRC- I quarterly techni ca 1 report, Apri 1-June 1982. DOE/OR/ 

03054-8. International Coal Refining Company, Allentown, Pa. 

2. 1982b. LC-Finer catalyst testing. Pages 395-419 in 

SRC-I .quarterly technical_ report, July-September 1982. DOE/ 

OR/03054-9. International Coal Refining Company, Allentown, 

Pa. 

3. 1983. LC-Finer catalyst testing. Pages 425-443 in Draft 

SRC-I quarterly technical report, Apri 1-June 1983. DOE/OR/ 

03054-26. International Coal Refining Company, Allentown, Pa. 

4. Boevink, J. E., C. E. Foster, and S. R. Kumar. 1981. ·Sodium 

deactivates catalyst. Hydrocarbon Processing (September):123. 

5. Kovach, S. M., L. J. Castel, J. V. Bennett, and J. T. Schrodt. 

1978. Deactivation of hydrodesulfurizatioh catalysts Linder 

59 



coal liquids. 2. Loss of hydrogenation due to adsorption of 

metallics. Ind. Eng. Chern. Proc. Res. Oev. 17(1). 

6. The Lummus Company. 1981. High-conversion and low-conversion 

LC-Finer runs. Pages 107-138 .io_ SRC-1 quarterly technical 

report, January-March 1981. OOE!OR/03054- 3. I nternat ion a 1 

Coal Refining Co., AlleF1town, Pa. 

7. 1980. Pilot plant LC-Fining of so·lvent-refined 

coal, Task 1, December 12. 

8. 1981. Pilot plant LC-Fininq of solvent-refined 

coal, Task 2, March. 

9. Bronfenbrenner, J. C. 1981. Evaluation of the LC-Finer process 

development unit (PDU) rllns. Pages 127~138 in SRC-1 quarterly 

technical report, April-June 1981. OOE/OR/03054-4, Vol. 1. 

International Coal Refining Co., Allentown, Pa. 

10. Schweighardt, F. K. 1982. LC-Finer product analysis. Pages 

151-177 .io_ SRC- I quarterly technical report, Octobe'('-December 

1981. DOE!OR/03054-6. International Coal Refining Co., 

Allentown, Pa. 

11. Catalytic, inc. 198la. Wilsonvi lie pi lot plant month·ly tHhn1ca1 

progress report. Prepared for U.S. Department of Energy and 

Electric Power Research Institute, FE-10154-97, November. 

lL. 1981b. Wilsunvill!:! pilot plant monthly technicul 

progress report. Prepared for U.S. Department of Energy and 

Electric Power Research Institute, FE-10154-100, December. 

13. Moniz, M .. J., 0. L. Davies, and C. E. Cantrell. 1983. Catalytic 

upgrading of SRC IJI'UUuLL in two~stage coal liquefaction. 

Paper presented at the Eighth Annual EPRI Contractors' Con­

ference on Coal Liquefaction, Palo Alto, Ca., May. 

14. Schweighardt, F. K. 1983. Analytical methods development. 

Internal R&D task summary report. DOE/OR/03054-21. Inter-

national Coal Refining Co., Allentown, Pa. 

60 



NOt~ENCLATURE 

a - Reaction rate with catalyst at age t relative to rate with 

fresh catalyst 

CA Weight concentration of component A in product, lb A/lb 

product 

CA - Weight concentration. of component A in feed, lb A/lb feed 
0 

E - Fractional conversion of component A by weight 

F - Liquid feed rate at STP, lb/hr 

kA - Rate constant for disappearance of A at time t, hr- 1 

kA -Rate constant for disappearance of ·A at time t = 0, hr- 1 
0 

- Rate constant for loss of catalyst activity, hr -1 

- Rate of disappearance of A at time t, lb/hr 

- Rate of disappearance of A at time t = 0, lb/hr 

t -Catalyst age in representative units (i.e., lb SRC feed/lb 

catalyst or lb SRC converted/lb catalyst) 

W - Weight of catalyst charged to reactor, lb 

WHSV - Weight hourly space velocity, lb feed/hr-1b-catalyst 

t -Nominal catalyst residence time (W/F), hr 

T - Average catalyst addition rate, lb SRC/lb catalyst 

T' - Reaction temperature, °F 
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APPENDIX A 

Modeling of SRC Hydroprocessing Reaction 

The reactions being considered are: 

kA 
A -----> B + C 

kB 
B ------> C 

where A is SRC (850°F+ material), 

B is distillate (C6 - 8S0°F), and 
C is gas (C1-c5). · 

Modeling of SRC Conversion 

Th~ disappearance of A can be modeled as ~n irreversible re~ction that 
is first-order in concentration of A: 

-r 
A 

k c 
A A 

lb/hr A r.onverted 
lb catalyst 

(Eqn. A-1) 

where kA is the first-order rate constant for the conversion of SRC at 
catalyst age t (hr- 1) 

and CA is the concentration of SRC (lb/lb product) 

Assuming the reactor is completely mixed, then a material balance for A 

can be written as1: 
/ 

(Eqn. A-2) 

1Levenspiel, 0. 1972. Chemical reaction engineering. John Wiley and Sons, 
Inc., pp. 545~546. 
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where 1: is nominal residence time and is approximated by the equation: 

1 
1: = W/F.= WHSV 

lb catalyst 
lb/hr feed (Eqn. A-3) 

where W is the weight of the catalyst in lb, F is liquid feed in lb/hr, 
and WHSV is weight hourly space velocity in lb/hr/feed over lb/catalyst. 

The conversion of A can be defined by: 

(Eqn. A-4) 

Equations A-2 and A-4 can be combined to give the rate constant for the 
conversion of A: 

(Eqn. A-5) 

In a case in which the reactor system is composed of two well-mixed 
reactors in series, the value of the rate constant can be calculated by 
the following expression: 

= 2 WHSV [(~)~ - 1] 
1-E 

(Eqn. A-5.1) 

Since the catalyst deactivates with time, the calculated kA is a func­
tion of time and can be defined as: 

kA = kA a 

-r 

where a = -r 

rA = rate of reaction at tim~ t, and 
rA = rate of reaction at time zero. 

0 
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A 

Ao 

(Eqn. A-6) 

(Eqn. A-7) 



Substituting Eqn. A-6 in Eqn. A-5, we get 

kA a = WHSV ( l:E ) 
0 

(Eqn. A-8) 

Assuming a first-order catalyst deactivation mechanism, the deactivation 
rate can be calculated by the following equation1 

da 
dt = - k a d 

(Eqn. A-9) 

where kd is the deactivation rate constant in lb catalyst/lb SRC. 

Inl!:!yr·dtiny Eqn. A-9 gives 

a = -k t e d 

where t is batch catalyst age in lb SRC/lb catalyst. 

Substituting Eqn. A-10 in Eqn. A-8 

Substituting Eqn. A-10 in Eqn. A-6, we get 

-kdt 
kA = kA e 

0 

Taking the natural logarithm of Eqn. A-12 results in 

(Eqn. A-10) 

(Eqn. A-ll) 

(Eqn. A-12) 

(Eqn. A-13) 

Plotting the value of ln kf\ (~s ~easured) vs. batch catalyst age (t) 
p:c~uces a 1 i ne with a s 1 ope equa 1 to the de activation rate constant 
(kd) and a~ intercept equal to the conversipn rate constant at time zero 

~ kA ) . 
0 

1Levenspiel, 0. 1972. Chemical reaction engineerin~. John Wiley aqd 
Sops, Inc., pp. 544-546. 
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Further, for any batch catalyst age (t), the rate constant for con­

version of SRC can be modeled by a standard Arrhenius expression: 

where 

(Eqn. A-14) 

~E is the activation energy, A is the frequency factor or 

pre-exponent i a 1 factor ( theoretically the rate constant that 

would be observed at i nfi ni te temperature), and T' is the 

reaction temperature. 

Assumptions 

A number of assumptions are inherent in the above derivations. If 

any of these assumptions are invalid, the validity of the model will be 

greatly reduced. 

The reaction is modeled as being first-order in the concentration 

of SRC only. It is assumed that so 1 vent concentration and hydrogen 

part i a 1 pressure do not influence the kinetics, and that the effect of 

SRC concentration is accurately reflected by the first-order expression. 

Because all of the experimental pilot plant programs operated at total 

pressures of 2,000-2,800 psia with hydrogen partial pressure in the 

range of 1,600-2,300 psia, this parameter was not varied sufficiently to 

determine its effect on the reaction mechanism. This is especially true 

because each pilot plant maintained essentially constant hydrogen 

part i a 1 pressures throughout its runs. However, because the pilot 

plants operated in the pre~~ure range specified in t~e SRC-I Demonstra­

tion Plant hydroprocessing design, all the experimental data should be 

valid with respect to the effect of hydrogen partial pressure. In a 

similar way, except for minor variations, each of the pilot plants 

operated at one space ve 1 ocity and SRC concentration. Because the 

validity of the first-order ~xpression is assessed by considering the 

accuracy of Equation A-2 for various times and initial concentrations 

while simultaneously accounting for the masking effects of experimental 

uncertainty and catalyst deactivation time, these assumptions have not 

been verified. 
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Solvent concentration will have a significant effect on reaction 

modeling and experimental design. If the solvent concentration is too 

low, the hydrogen transfer from solvent to SRC becomes rate-limiting, or 

the proportion of cracking of solvent to gas becomes appreciable 

relative to the gas produced by SRC conversion. It is believed that the 

system does not become so 1 vent-starved unt i 1 a so 1 vent concentration 

1 eve 1 we 11 be 1 ow the 30% used in the current studies and in the Lummus 

design. The proportion of gas produced by solvent cracking is not 

known. Sinc:e Wilsonville carried out th~? hyrlrnprnr:P.ssing experiments 

using 50% solvent in the feed as opposed to 30% in the design basis, 

solvent cracking may be responsible for incremental gas production. 

The residence time, 1, should reflect the time that the reactants 

are in the reaction zone. As this is catalytic hydrocracking, the 

residence time should reflect the time that the feed is in contact with 

the catalyst. Purely therma 1 cracking wi 11 a 1 so be occurring, _but this 

set of reactions can be subsumed by the expression for catalytic crack­

; ng if most of the cracking is catalytic or if the proportion of 

catalytic Crocking to thermal cracking is fixed. There is no doubt that 

catalytic c::racking predominates at lower temperatures. At higher tem­

peratures, the onset of thermal cracking is signaled by a large increase 

in hydrocarbcn gas production. In addition, the proportion of thermal 

to cata-lytic cracking will be f1xed if the ratio of Ll!er·lltdl r·e~·idei"tCe 

time to catalytic residence time is fixed. While this is true for a 

given reactor, it is not true in comparing different reactor systems. 

As discussed in the text, the variation of thermal residence time 

between react:Jrs is probably res pons i b 1 e for some of the disparity 

between experimental results from different reactor systems. 

The catalytic residence time will be properly reflected by the 

reciprocal of the weight hourly space velocity only if a constant 

proportion of the feed is vaporized. The degree of feed vaporization is 

affected by such factors as total pressure, gas-to-feed ratio, SRC 

concentration in the feed slurry, and temperature. In evaluating the 

results from a single reactor system, the most significant effect will 

be that of temperature. Since more solvent vaporizes at higher temper­

atures, the true residence time increases as the temperat~,Jre rises. 
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Although the magnitude of this effect is not known, vapor/liquid 
equilibrium and gas and liquid holdup correlations indicate the effect 
will be minor·. 

Finally,· it should be emphasized that the weight hourly space 
velocity (WHSV) should be based on the total liquid feed to the reactor, 
including· both solvent and SRC. In recycle operation, the kinetic rate 

constant should be calculated on the basis of per-pass sp~ce velocities 
and conversions per pass. 

A well-mixed reactor has been assumed in the derivations. This 
hypothesis has been confirmed by cold-flow modelling and tracer studies 
in the various reactor systems. 
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APPENDIX B 

Derivation of Expression for Average Catalyst 

Activity in Continuous Oper~tion 

A continuous SRC hydroprocessing process relies on the addition of fresh 

catal1st and withdrawal of spent catalyst to maintain process per­
formance. ln order to det~rmine the catalyst requirements of a con­
tinuous process, accurate batch catalyst deactivation is required. The 

batch catalyst deactiv9tion data can be fitted with a typical catalyst 
deactivation expression of th~ form: 

where: 

kA 
0 

= 

-k t 
kA e d 

0 
(Eqn. B-1) 

first qrder rate constant for conversion of SRC at age t 
0 -1 

(1n hr ), 

initial rate constant for conversion of SRC (in hr- 1), 

kd ~ exponential Lleac.tivation rate constant (in lb cat/lb 

SRC), and 

t = batch catalyst age (in lb SRC/lb cat). 
dix A.) 

(See Appen-

The average catalyst activity in a hydrotreater operating with t~e 

continuous addition and withdrawal of catalyst can be calculated by 

summing the products of the fraction of catalyst in the reactor at a 
given age and the activity of the cata-lyst at that age. Because the 
hydrotreater is a well-mixed system, the fraction of catalyst at a given 

age ca~ be determined from the established reside~ce time distribution 

expression for an ideal stirred tank reactor. The catalyst activity and 
residence time expressions can then be combined to calculate the average . . . 
activity of the catalyst. A rigorous mathematical derivation of t~e 

average catalyst activity follows: 
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Average = 
Activity 

= 

= 

CX> 

L 
t = 

J 
0 

0 

[
Activity of Catalyst] 

at Age t 

kA /T (kd + 1/T) 
0 

Average kA = kA I (kdT + 1) 
.0 

[
Fraction of Catalyst] 

· at.Age·t 

(Eqn. B-2) 

where: T = average catalyst addition rate lp SRC/lb catalyst 

To determine the batch catalyst age equivalent to a given catalyst 

replacement rate, equate Equations B-1 and B-2. Therefore, 

or t = (Eqn. B-3) 
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APPENDIX C 

Comparison of LC-Finer Design Basis with Wilsonville and 

ICRC Pilot Plant Data 

The catalyst activity and aging data obtained at The Lummus Com­

pany, Wilsonville Pilot Plant, and ICRC PDU were compared to the 

LC-Finer Des1gn basis Lu vt!r-ify the design catalyst activity and 

replacement rate. Before the data are discussed, it is important to 

compare the history of SRC samples used at the three facilities in 

addition to the design and performance of the three reactors. 

History of SRC Samples 

The SRC sample used in Lummus PDU runs 2LCF-27, 28, and 29 was 

obtained from the Wilsonville Pilot Plant. The sample was generated 

from Kentucky #9 Fies mine coal during the operation of run 209. Since 

the coal contained less than 0.1% chlorine, no sodium carbonate was 

added during the run. The SRC sample used both for the operation of the 

Wilsonville hydrotreater and the ICRC PDU was also generated from 

Kentucky #9 Fies mine coal, but during the operation of run 235. The 

batch of Kentucky #9 coal used in run 235 contained more than 0.1% 

chlorine, requiring Na2co3 addition. in the initial liquefaction step to 

pr~vent chlorine corrosion. 

The feed SRC at Lummus was held at elevated temperatures 1n the 

presence of air, which could have resulted in r~Lrograde reactions 

forming insoluble organic material (IOM) and other refractory mat~rials. 

The feed SRC for the operation of the ICRC PDU was he 1 d at e 1 evated 

temperatures, but in the presence of nitrogen to minimize any retrograde 

reactions. In the Wilsonville Pilot Plant, fresh SRC recovered from the 

Kerr-McGee deashing unit was mixed with the solvent and fed to the 

hydrotreater, avoiding prolonged exposure of the SRC to elevated tem­

perat~res, and thereby minimizing any retrograde reactions. Therefore, 

it is possible that the feed SRC was subjected to different degrees of 

retrograde reactions at the three facilities. No attempt was made to 

quantify the extent of these reactions. 
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The degradation of feed SRC due to retrograde reactions may have an 

effect on catalyst activity and aging. The exposure of feed SRC to 

different degrees of such reactions at the three faci 1 it i es further 

complicates the comparison of catalyst activity and aging. In addition, 

the presence of different amounts of sodium in the feed SRC due to the 

addition of Na 2co3 in the 1 i que facti on step affects catalyst activity 

and aging. Since it is rather difficult to determine the effect of both 

retrograde reactions and sodium content on catalyst activity and aging, 

no attempt is made in this report to quantify them. 

Reactor Design 

F undamenta 1 differences between the reactors used at The Lummus 

Company, Wilsonville Pilot Plant, and at ICRC R&D are summarized in 

Table C-1. The simplified flow sketches of the facilities are shown in 

Figures C-1 and C-2. Both Lummus and Wilsonville used ebullated-bed 

reactors for hydroprocessing SRC. In contrast, a fixed catalyst basket 

reactor was designed to simulate the operation of an ebullated-bed 

reactor and used by ICRC R&D in the PDU runs. This reactor was essen­

tially an annular fixed catalyst basket fitted into a 2-liter stirred 

autoclave. In the reactor both 1 i quid and gases are forced outward 

through the catalyst basket by a flat blade impeller to provide 

efficient contact between catalyst, liquid, and gases. Resistance 

heaters surrounding the wall were used to provide heating, while the 

temperature inside was measured and controlled by multiple thermocouples 

well immersed in the slurry phase. The detailed description and desiqn 

of the reactor is discussed in a previous report by ICRC (6). The 

catalyst size used both at Lummus and Wilsonville is smaller than that 

used in the PDU. 

Reactor Performance 
Table C-2 shows that at 775°F the ICRC · PDU experienced either 

equivalent or higher SRC conversion than did the Lummus and Wilsonville 

units, which had comparable conversion levels (the data from PDU Run 

CCL-63 are excluded in this comparison). However, SRC conversion was 

noted to be significantly higher in the ICRC PDU than it was in the 

Lummus and Wilsonville units, both at 800 and 825°F. The .higher SRC 
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Table C-1 

Description of Reactors 

Lummus Wil sonvi 11 e PDU 

Catalyst Ni-Mo-Al Co-Mo-Al Ni-Mo-Al 
Catalyst siie (in. ) 1/32 1/32 1/16 
H2 pressure (psig) 2,300 2,000 

H2 feed rate (scf/lb feed) 16.0 16-20 
WHSV (g feed/g catalyst-hr) 2.0 1.0 
Relative residence time (hr) 1 2.5-5 

Reactor type ebullated bed ebYllated bed fixed basket 
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FIGURE c-2 
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Table C-2 

Comparison of SRC Conversion, Catalyst Age, and First-Order Rate Constant 

Lummus Wilsonville PDU 

SRC Catalyst Rate SRC Catalyst Rate SRC Catalyst Rate 

Temper-. conversion age (lb SRC/ consi:.ant conversion age (lb SRC/ constant conversion age ( 1 b SRC/ . constant 

ature (OF) (wt %) lb catalyst) (hr -l) (wt %) lb catalyst) (hr -I) (wt %) lb/catalyst) ( hr -l) 

-.J 
tJ1 

775 35 35 274 1. 0 38-57 10-246 0.8-1.2 

800 52 45 65 1. 6 . 61 45 1. 5 

825 53 2. 1 67 89 1.9 
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conversion level in the ICRC PDU could have been due to either longer 

residence time or lower catalyst age. The first-order rate constants 

for conversion of SRC in the ICRC PDU were nearly equivalent to Wilson­

ville at all three temperatures and were higher than Lummus. 

The product distributions of the three reactors at 800°F are com­

pared and summarized in Table C-3. The significantly higher SRC con­

version observed in the ICRC PDU was complemented by higher oil produc­

tion. As mentioned earlier, the higher SRC conversion level in the ICRC 

POU could have been due to lower catalyst age and longer residence time. 

However, the first-order rate constant, which normalizes the differences 

in the residence time, was similar to that of Wilsonvil"le, but was 

considerably higher than that of Lummus. The production of heteroatoms 

and HC gases in the ICRC PDU was comparable to Lummus, but higher than 

Wilsonville. Hydrogen consumption in the ICRC PDU was s i gni fi cant ly 

higher than that of Wilsonville, but was lower than that of Lummus. 

However, hydrogen consumption per unit SRC conversion in the ICRC PDU 

was similar to that of Wilsonville, but was considerably lower than that 

of Lummus. 

The most desirable aspects of any SRC hydroprocessing reactor 

design are high conversion with low HC gas production and low hydrogen 

consumption. Based solely on these factors, the performance of Lin~ 

fixed catalyst basket reactor was equivalent to that of Lummus' reactor, 

but interior to that ur Wilsonville. However 1 based on first-order rate 

constant and hydrogen consumption per unit SRC conversion, the per­

formance of the fixed catalyst basket reactor was comparable to that of 

Wil sonv ill e, but better than that of the Lummus ebull a ted-bed reactor. 

Compariso~ of Catalyst Aging Data 

Based on the results of three LC-Finer Pilot Plant runs, 2LCF-27, 

28 and 29, the Lummus Company developed kinetic correlations for use in 

the SRC-I Demonstration Plant LC-Finer design. lhese correlatiu11~ 

included three key ki11dic parameters: the activ;::~t.inn energy for the 

SRC conversion (uE), the pre-exponential factor (A), and the exponential 

rate constant for catalyst deactivation (kd). The calculated values of 

these parameters are summarized in Table C-4. The derivation of the 

kinetic model and the underlying assumptions are presented in Appen­

dice~ A and B. 
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Table C-3 

Comparison of Yields at 800°Fa 

Lummus Wilsonville PDU 

Relative liquid residence time (hr) 1 5 

Catalyst age (lb SRC/ib catalyst) 65.0 45.0 

Product distribution (wt % SRC) 

NH 3 + H2S 3.2 1.5 3.1 

H2o 4.0 6.6 4.5 

c1-c5 10.4 6.0 11.4 

0 i 1 (850°F-) 36.0 39.3 46.6 

SRC (850°F+) 52.2 50.7 41. 1 

SRC conversion (%) 48.8 49.0 60.9 

H2 consumption (wt % SRC) 5.6 4.1 5.2 
-1 1.6 1.5 Rate constant (hr ) 

H.., consumption 
L 

SRC conversion 0.084 0.085 

ait should be noted that differences in product distribution and SRC conversion 
could be attributed to differences in residence time. 
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Table C-4 

KinP-tic Constants for Conversion of SRC 

Runs 

Lummus 

2LCF-27 and -29 

Wilsonville 

235-3 

235-4 

WE (kCal/g-mole) 

26.9 

26.9 

78 

3.25 ;r: 108 

3.25 X 108 

-1 
kd ( hr ) 

n. nom~ 
0.0011 



The, activity o.f the catalyst at any age can be ca 1 cul a ted by the 

·follo~ing·~quation (see Appendix A): 

k 
a = . SRC = 

-k-

SRC 
··. 0 

e 

-k t 
d 

where t is batch catalyst age in lb SRC/lb catalyst. 

The Wilsonville Pilot Plant data were also subjected to similar 

kinetic analysis to determine the values of kinetic parameters and to 

compare them to the design values. The values of the various kinetic 

parameters are summarized in Table C-4, along with LC-Finer design 

values. Interestingly, the rate of catalyst deactivation, both at 

Wilsonville and Lummus, were very similar. However, the activation 

energy and pre:-exponential factors at Wilsonville were considerably 

higher than at Lummus. This information reveal~d that the rate of SRC 

conversion (catalyst activ.ity) demonstrated at the Wilsonville Pilot 

Plant on ACCO 14428 (Co-Mo-Al) catalyst was higher than that of the 

Lummus design basis for Shell 324 (Ni-Mo-Al) catalyst (see Figure C-3). 

Furthermore, in spite of higher rates of SRC conversion at Wilsonville, 

the rate of catalyst deactivation was similar to that noted at Lummus. 

There ·cou-ld .be :two possible explanations of the above differences: 

that the Co-Mo-Al catalyst is a superior catalyst to Ni-Mo-Al for hydro­

processing SRC or that the kinetic data obtained in the LC-Finer Pilot 
. . ) 

Plant are not representative of what would be observed in a large-scale 

plant such as Wilsonville. However, Lummus had demonstrated in runs 

2LCF-28 and -29 that the activity of ACCO 1442 B (Co-Mo~Al) catalyst was 

nearly the same as that ~f Shell 324 (Ni-Mo-Al) catalyst. This informa­

t1on tends to support the hypothesis that data. obtained from the LC­

Finer Pilot Plant are not representative of a iarge-scale plant. 

The data in·Table C-4 show thal the catalyst de~ctivation rates are 

equivalent for Wilsonville runs 3 and 4 over the catalyst life tested. 

Similar results are reported by Wilsonvilie in the EPRI Conference (see 
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FIGURE C-3 
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Figure C-4 and Reference 11). Based on this information and on the data 

in Table C-4, the Wilsonville catalyst activ.ity was calculated as a 

function of temperature and plotted in Figure C-5. The data clearly 

indicate that the catalyst activity noted at Wilsonville is much higher 

than that noted at the Lummus Pilot Plant. The ICRC PDU data in 

Figure C-4 correspond well to the Wilsonville data, further supporting. 

the fact that there is little difference between the activity of ACCO 

1442 B (Co-Mo-Al) and Shell 324 (Ni-Mo-Al) catalysts for the conversion 

of SRC. Therefore, it can be reasonably concluded that the data gen­

erated in the LC-Finer Pilot Plant are not representative of the large­

scale plant. 

The rate of catalyst deactivation is as important as the fniti"al 

activity of the catalyst. The adjusted rate constants data for con­

version of SRC generated at Lummus, Wilsonville, and ICRC R&D are 

plotted in Figure C-6 as a function of catalyst age. The basis for the 

calculation of these data is derived and discussed in Appendices A and 

B. The catalyst deactivation rates for Wilsonville runs 3 and 4 were 

shown earlier to be equivalent, and therefore are represented by one 

line. The initial data generated at Wilsonville agree well with ICRC 

R&D data, but differ dramatically from the Lummus data. The data gen­

erated at Wilsonville and at ICRC R&D showed unequivocally higher cata­

lyst activity than tho~e from Lummus. However, the data generated both 

at Wilsonville and ICRC R&D fall short of a catalyst age equal to the 

Lummus design catalyst batch agP. The longest Wilsonville ruM was just 

over 500 lb SRC/lb catalyst. Therefore, it is difficult to say anything 

about the activity of the catalyst beyond an age of 500 lb SRC/lb cata­

lyst. Simi 1 arly, the longest run conducted by Lummus reached an age 

which is once again shorter than the design catalyst age. Clearly, the 

design catalyst performance values for the demonstration plant LC-Finer 

were obtained by extrapolating the data. 

An obvious problem with extrapolating any data is the possibility 

that the. extrapolated value·s may be unrealistic. The catalyst aging 

data obtained by ICRC R&D (Figure C-6) showed a more rapid decline in 

catalyst activity than observed at Wilsonville. Interestingly, the IC~C 

R&D data ~howed that after a lengthy stable period of operation, catal-
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FIGURE C-4 . 
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FIGURE C~5 
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FIGURE C-6 
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yst activity decreased sharply, demonstrating the danger of basing a 

design on extrapolated data. 

Another interesting point was noted when the catalyst age data were 

evaluated not as a function of lb SRC processed per lb catalyst, but as 

a function of actual. 11 Work 11 performed by the catalyst (i.e., SRC con­

verted). This approach tends to eliminate a 11 the variations due to 

changes in SRC conversion and provides a better measure of catalyst age. 

The catalyst activity data, when plotted in Figure C-7 as a function of 

the above-defined catalyst age for the ICRC POU and Wilsonville runs 3 

and 4, show that the catalyst activity b~gan to decline both in the ICRC 

PDU and Wilsonville run 3 at almost the same age (100 lb SRC converted/ 

lb of catalyst). However, the activity declined more sharply in the 

ICRC PDU than in run 3. The less severe decline in run 3 could have 

been due to an increase in reaction temperature from 775 to 782°F after 

approximately 100 lb of SRC converted/lb of catalyst. It is well known 

that an increase in temperature wi 11 increase SRC conversion, and wi 11 

therefore mask the decline in conversion due to catalyst deactivation. 

It is conceivable that a sharp decline in catalyst activity in run 3 

waul d have resulted had the run been carried out for a 1 anger period 

(catalyst age greater than 150 lb SRC converted/lb of catalyst). This 

information further points out the danger of extrapo 1 at i ng the data 

beyond actual experience. 

Extrapo 1 at ion of data beyond actua 1 experience is commonly prac­

ticed in various industries. However, the value of the extrapolated 

data greatly depends on the quality of the input data. When the data 

from Wilsonville runs 3 and 4 were fitted to the exponential catalyst 

deac~ivation model described in Appendix B, the following values of 

deactivation constants were obtained: 

Run number 

235-3 

235-4 

0.00081 

0.00106 

Correlation coefficient 

0.69 

0.51 

The extremely low values of the correlation coefficients clearly indi­

cate that the catalyst deactivation rate could not be modeled by a 
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FIGURE C-7 
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simple first-order catalyst deactivation equqtion,. making any extra':' 
polated data from this model of limited value. 

Based on the apove discussion it appears that the LC-Finer design 

basis for the demonstration plant is quite conservative. Therefore, qS 
desi~ned, the SRC-I Demonstration Plant LC-Finer will likely have enough 
cata.lyst and reactor capacity to process all of the_ SRC generated ~t t~e 
design conversion rate, not just two-thirds of the SRC as specified in 

the -alternate design basis. Furthermore, it appears that the catalyst 
replacement rate will be more than adequate to maintain the conversion 
specified in the alternate design basis. 

Effect of Catalyst Age on Product Quality 
The above discussion has concentrated mainly on the cony~r~ion pf 

SRC to 850°F- product. However, it is important to point out th~t ther~ 

ar~ severa 1 other key design parameters that have to· be met, such a~ 

selectivity (distillate rather than hydrocarbon gas), hydrqgen ~onsump~ 

t ion, and heteroatom remova 1, in 9rder to camp 1 ete ly verify· t~~ S8~~ J 
Demonstration Plant LC-Finer design basis, since such para~eters so4ld 
vary with catalyst age. ICRC PDU rlJn CCL -54 c1 early sh~wed ·a· decr~~se 
i~ heteroatom removal activi.ty of the cataiyst with age. ·wilsonvi·ll~ 
data qlso tndicated a rapid decline in the ~esulfurization activitY of 
the catalyst with age. Therefore, it is conceivable that pr()d,uct q!Jal­
ity parameters such as hydrogen and sulf~r contents may be signific~ntly 

. . . ; ~ . 

different at the design catalyst age than the design basis. ·H~wever~ a~ 

this time, insufficient data are availa~le to further elaborate on:this 
' i ; .. . ~ ~ ' . ·. 

point. ·.'· 

The selectivities of products, defined as the ratio of distillate 
oi 1 to hydrocarbon gas and distill ate oil to hydrogen consumption 1 are 
key factors that can vary with catalyst age. The data generqted'at lCRC 

R&D showed that the selP~tivities did not d~pend un catalyst~~ge, pro­
vided the reaction temperature was held constant. When the .-r~qc~ion 

temperature was raised, the selectivities dropped consid•~ably. .In 
LC-Finer runs 2LCF-27 and ·-29, the reaction temperature was 'rai~ed 

continuously to maintain the desired SRC conversion, which suggests'th~t 
. '. . 

in those runs the conversion was maintained at the expe11se. of ptod4ct 
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selectivity. Certainly, such practice in the demonstration plant will 

result in significantly higher hydrogen consumption than the design 

basis, which will alter the economics of the entire plant. 

Like selectivity, the quality of distillate oil is an important 
variable in LC-Finer operation. The data generated at Wilsonville 

seemed to indicate that distillate product quality did not vary with 
either conversion or catalyst age, as shown in Figures C-8 and C-9. The 
hydrogen content and specific. gravity of a spe~ifi c boiling range of 

total di st.i llate oils (IBP-850°F) were very similar at different SRC 
conversion levels, implying that the quality of the distillate oil would 
not vary with conversion and catalyst age. However, it is known that as 

overall S~C r.onversion changes with cat~lyst age, the absolute quantity 
of distillate oil will chang~. 

Effect of Feed SRC 

The design of the SRC-I Demonstration Plant LC-Finer was based on 
dat~ generated by hydroprocessi ng SRC from Kentucky #9 co a 1. A 11 

experiments co11ducted by Lummus and ICRC R&D to verify the design basis 

~ere a~so carried out using SRC from Kentucky #9 coal. In practice, the 
design of a commercial plant should be independent of a psrticular coil 

type and should be able to handle similar feedstock from other sources. . . 
Therefore, another· run was carried out at Wi l sonvi 11 e (run 240; HTR 

run 8) using an Illinois #6 ~oal. The ~oal was agai11 liquefied in the 
dissolver tising demonstration plant reaction conditions to generate SRC. 

The product. SRC w~s then hydroprocessed at a reaction temperature of 

760°F and a WliSV of 1.2 lb total SRC feed/lb catalyst using American 

Cya~amid 1442 B (Co-Mo-Al) catalyst, and a reaction mixture of 50% SRC 
and 50% solvent. The SRG conversipn level att~ined was 40%, and the run 

w~s carried out for ~ catalyst age of 454 lb SRC/lb catalyst. 
Surprisingly, Wilsonville run 8 on S~C from I11inois #G coal had a 

very lqw catalyst deactivation r~t~ compared with that obtained with SRC 

from Kentucky #9 coal. Furthermore, the fi rst-qrder rate constant for 

the conversion of SRC during the i nit i a 1 period of run 8 agreed we 11 
wjth that observed with SRC from Kentucky #9 ·co a 1. Considering these 

facts, the catal¥st repl~cement rate for hydroproc~ssing SRC from 

88 



FIGURE c-s 
COMPARISON OF DISTILLATE QUALITY 

AT DIFFERENT SRC CONVERSIONS 
WILSONVILLE HYDROTREATER. 
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FIGURE C-9 

VARIATION OF HYDROGEN CONTENT VERSUS 
SPECIFIC GRAVITY OF DISTILLATE OILS 
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. . 
Illinois #6 coal would be much lower than that with SRC from Kentucky #9 

coal. , Therefore, the source of SRC represents an important factor in 

the LC-Finer design. The catalyst activity and aging data on SRC from 

I 11 i noi s #6 coa 1 further strengthens the conclusion inade earl.i er that 

the SRC-I Demonstration Plant LC-Finer, design is very conservative. 

Discussion On Catalyst Deactivation 

Analysis of the spent catalysts from Wilsonville runs 3 and 4 and 

from the ICRC PDU runs showed significant deposition of coke ,and ~etals 

on the spent catalysts. The analyses of feed and hydrotreated SRC 

interestingly revealed that during the initial part of the Wilsonville 

runs, most of the metals such as sodium and titanium were.retained by 

the catalyst. The data also indicated that the catalyst eventually 

became saturated with these metals and no further deposition occurr~d. 

The analyses of Wilsonville data discussed earlier showed that catalyst 

activity started to decline after a certain time on stream, which sur­

prisingly coincided with the time on stream at which the catalyst 

apparently became saturated with metals. This coincidence suggests that 

catalyst activity depends largely on metals deposition. Initially, a 

high catalyst activity level is maintained because of the availabi·lity 

of an excessive number of reactive sites or 1 arge surface. area due to 

the presence of an excess amount of catalyst. However, continued opera­

tion of the unit causes a significant reduction in the surface area of 

the catalyst, as well as the number of activF> sites, which results 'ir1 a 

severe reduction in catalyst activity. 

The above explanation is a simplistic description of a .rather 

comp 1 i cated system. Many factors other than reduction in surface are!'! 

and number of active sites may occur at the same time and affect 

catalyst activity. For example, pore size of the cata·lyst will decrease 

with metal and coke deposition. Pore mouth plugging and reduction in 

pore size will not all ow reactants such as SRC to diffuse through the 

pores, resulting in inaccessibility of internal activ.e sites of the 

catalyst to SRC molecules. Therefore, diffusional problems also play an 

important part in catalyst activity. 
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The results from the ICRC PDU operation a 1 so tend to support the 

above explanation concerning the deactivation of catalyst by coke and 

metals deposition. Analysis of the spent catalyst showed not only a 

significant level of metal deposition, but also a significant reduction 

in both surface area and pore size. However, more work is needed to 

quantify the reduction in catalyst activity by metals and coke deposi­

tion. 

The ettect of metals deposition on c;:~talyst activity was indirectly 

studied in Wilsonville run 8. Since the Illinois #6 coal used in this 

run contained a lower concentration of chlorine, sodium carbonate was 

not added tn the initial caul liquefaction step. This resulted in 

significantly less sodium in the feed SRC to the hydrotreater compar·ed 

to run 3. The concentrations of iron and titanium, however, were 

similar to those contained in the feed SRC for run 3. The results from 

run 8 (discussed earlier) !:>howed only a margin;;~l decline in catalyst 

activity over the entire period of operation. In addition, the first­

order rate constant for the conversion of SRC was similar to that for 

feed SRC from Kentucky #9 coal. Analysis of feed SRC and product from 

run 8 revealed a retention of titanium by the catalyst, but very little 

sodium retention. This information indicated that either SRC from 

I 1 1 i noi s #6 coa 1 is more reactive than that from Kentuck.y #9 t.:Oa 1 or 

sodium has a severe detrimental effect on the activity of the catalyst. 

This is a very genera 1 statement because the reactivity of SRC may very 

we 1 1 depend on the reaction contl i L'i ons or scvcri ty userl t.o generate it. 

Comparison of the r-esults from Llle PDU enrl Wilsonville runs 3 and 8 

raises several important questions: Why was the SRC from Illinois #6 

coal more reactive than SRC from Kentucky #9 coal? Why didn't cataly<;t. 

activity decline durinq processin~ SRC from Illinois #6 coal? What is 

the true mechanism of catalyst deactivation? What is the impact ur 
metals and coke deposition on catalyst activity? What is thP effect of 

sodi urn on catalyst activity? These questions are very important and 

should be answered to ensure the successful ope rat i un of the SRC- I 

Demonstration Plant LC-Finer. 
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