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ABSTRACT

Three gasifier coal ashes were‘qSéd as reactant/sorbents
in batch fluidized-béds to remove hydrogen sulfide from hot,
made-up fuel gaseé. It is predominantly the iron oxide in the
ash that reacts with and removes the hydrogen sulfide; the
sulfur reappears in ferrous sulfide. Sulfided ashes were
regenerated by hot, fiuidiziﬁg streams of oxygen in air; the
sulfur is recovered as sulfur dioxide, exclﬁsively.

Ash sorption eéfficiency and sulfur capacity increase and
stablize after severallcycies of use. These two parameters
vary directly with the iron oxide cbntent of the ash and process
temperature, but are independent of particle size in the range
0.01 - 0.02 cm. A western Kentucky No. 9 ash containing 22
weight percént iron as iron oxide sorbed 4.3 weight percent
sulfur at 1200°F with an ash sorption efficiency of 0.83 at
ten percent breakthrough.

A global, fluidized-bed, reaction rate model was fitted
to the data and it was concluded that chemical kinetics is the
controlling'mechanisﬁ with a predicted éctivation energy of
19,600 BTU/1b mol.

Iron oxide reduction and the water-gas-shift reaction were
two side ieadtions‘that:ngu:rgd du;ing desulfurization,

The regeneration reaction occurred very rapidly in the
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fluid-bed regime, and it is suspected that mass transfer is

the controllihg phenomenon.

.....
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SUMMARY

......

This research program has focused~upon determining‘thér
operating characteristics and the technical feasibilit&fof
two high temperature, coal-derived fuel gaS'desulfuri%atién
processes that both use gasifier coal ash as chemisorbeﬁts.

The first phase of the project dealt with a fixed%ﬁed}j 
process that uses tanden reactors for deaulfurizatinﬁ;.én&‘
regeneration ol the sulfided ash. During regeneratioﬁj;iéy&e
exothermic heats can elevate the temperature of fixed—péés..
to unacceptable levels unless dilute streams of oxygeﬁhapé,
used. The sulfur is recovered as a mixture of sulfurtdiggiae
and elemental sulfur. .

This report, '"Hot Gas Desulfurization, Vol. 2: Uéé'df"
Gasifier Ash in a Fluid-Bed Process' documents the seéohd,
phase of this project conducted under the U.S. DOE Céﬁt:gét
DE-AS05-76E105076 (formerly EY-76-505-5076). The University
of Kentucky's Institute for Mining and Minerals‘Resea%éh_‘
contributed financially and technically to this projéét(also.

The fluid-bed process also uses tanden reactors; HdWéVgr,
these are operated, exchanging regenerated and‘sﬁlfiQE ash,
in a continuous fashion. The ash beds are no deeper‘chén
necessary to bring about the desired gas sulfide redeai within
the contraints of acceptable heat reﬁoval and solids exCﬁange.
During regeneration in the fluid-bed mode, the proble@ of .

temperature is not severe; however, the sulfur is recovered

xii



exclusively as sulfur dioxide at a concentration suitable for

sulfuric acid manufacture or direct reduction to sulfur.
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CHAPTER 1
INTRODUCTION

Coal has emerged as a major energy source for the:
. future as a result.of the energy crisis brought about by -~
~an acute shortage of crude-oil. Major efforts are cur-
. rently underway to produce liquid and gaseous fuels from ‘-
-coal; however, the sulfur contained in coal preéenté a
serious technological challenge in view. of today's strin- "
“gent environmentai regulations on sulfur emissions.

The production of synthesisAgas‘énd low-BTU fuel
- gas for power generation both require a éubstantial re- -
moval of ﬁhé sulfur present in coal. Synthesis gas hydro-
genation cgtalysts are particularly suscebtible to poi-
soning by sulfur, and for this reason the total sulfur
content of this gas should not exceed 0.1 grain per 100
cubic feet (Sand and Schmidt (1950)). The bulk of U.S.
coals belong to the high sulfur class with up to 57 total
sulfur present (Meyers (1977)). To consider an exémple
of the magnitude of the sulfur emission problem at this
high sulfur level for a plant producing about 400 million
cubic feet of gas per day, the sulfur to be removed
would amount to about 200 tons per day.

Two ways in which coal can be used to generate
power are (1) direct combustion and (2) gasification

1



2

prior to combustion. Following direct combustion, flue
gases must be treated to remove sulfur dioxide. One
drawback to this is that enormous quantities of gas must
be treated, because of dilution by air in the combustion
steé. The removal of sulfur from such dilute streams is
econbmicélly‘prohibitiQe.‘ The high cost of sulfur re-
moval asééciated with the direct combustion procegs has
led to regehtfinveétiggtions on more efficient and less
expensive 6veﬁall power generation processes. Gasifi-
cation of coaf pfiér‘to‘combustion offers one such altex-
native; Qﬁrrently, gasification and gas cleaning are being
conside:éq'jpintly. One of the techniques under inves-
tigation is the gasification of coal to produce low-Btu
gas which can be utilized in_cbmbined-cyclé power plants:
‘Such a gas has a nominal heating value of about 100-175
BTU/SCF. At gasifier exit conditiéns’it contains-ébout
10-207 more energy in the form of sensible heat: a gas
turbine system in the combined-cycle ﬁowerAplant can
transform a ﬁortibn of this energy into electricity. A .
conceptual combinea-cycle plaﬁt is shown in Figure 1.1.°
The sulfur compounds and alkali-metal compounds can cause
severe corrosion of the gas turbine blades and therefore
must be removed from the fuel gas stream. !

During gasification, sulfur in coal is transformed
to hydrogen sulfide, carbohyl sulfide, Carbondgsulfide;

I
etc. with H,S being the predominant species. ‘These sul-
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4
fur ‘gases along with the low-BTU gas leave the gasifier -~
at a-tempéréture of ‘over 1500°F. The traditional HéS re- "
moval processes operate below 250°F necessitating ‘the
cqolingibf?the fuel gas. The removal of HZS from‘the
coal,gaSjat.gasifief~exit temperature and pressuréifeJ
sults in:an. improved thermal efficiency of the combined- -
cycle plant." Comparisons between high and low teﬁﬁerature¢
sulfur removal ﬁrocésses in combined-cycle power systems:~-
héve revealed that hot processes promise a typical in-
cremént.in thermal efficiency of about 4Z; this increased
efficiency will save about 20 tons/hr. of coal at 1000 MW
capacity -(Zabolotny (1976)). Capital requirements of
the hot and cold processes have been estimated'to be equal.
| ‘The feasihility of recovering sulfur as a bf—
product of gas cleaning operations is an%ther important
advantage of precombustion gas cleanup. tSulfur is a very
imﬁortant industrial raw material. As the naturally oc-
curing elemental sulfur deposits become depleted, in the
fﬁture, sulfur recovered from process streams such as
fuel gases'shquld become a very attractive by-product.
While gasification technology has developed to the

commercial scale, high-temperature desulfurization tech-
nology has lagged behind. This dissertation represents
an effort to contribute to this urgently needed technology.

In the present investigation, kinetic studies are

performed on the process of high-temperature hydrogen
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sulfide removal from low-BTU producer gas streams using ..
gasifier: bottom ash as a sulfur acceptor. The studies . .
are coﬁducted in a laboratory-scale fluidized-bed.. - The ...
specific objective is to elucidate the effects of' the
various process pérameters-onvthe desulfurizapioh:process~
and represent the data in the form of a global reaction:-.
rate model which could be directly used in a process de- -
sign netyork.‘ The scope of the research project: is pre-

sented in Chapter 1A. . ' S



CHAPTER 1A
SCOPE OF RESEARCH

In this study, the reaction between coal ashes and
a hot simulated low-BTU gas containing H,S are conducﬁed
in a fluidized bed reactor. Three coal éshes, ha@gly,
(1) Western Kentucky #9, (2) Montana Rosebud and, (3)
Elkhorn #3 are studied. The H3S absorbingfcapaéitf and
sorption efficiency are measured. o /

The Western Kentucky ash is investigated qu the
following range of éxpefimehtai conditions. - |

Temperature © 900 - 1400°F

- : g
Mean particle size 0.01065-0.01935 cm
Superficial linear ' 312 - 607 cm/min
.. velocity of fluid '
Ratio of actual to . 1.92 - 4,01
minimum fluidizing
velocity, u/umf
Inlet HpS concentration 1.0, 1.25, 1.4 vol. %

The effect of the process variables on the capacity and
efficiency are analyzed. The findings are incorporated

into a global reaction rate model which expresses the
global rate as a function of important process variables.
The regimesAof control are examined. - The effect of the num-
ber of cycles (frequéncy of regeneration) on desulfurization

6



7
behavior is also studied. Elkhorn #3 and Montana Rosebud

ashes are studied for the following experimental condi-

tions. |
Temperature | 1000°F
.-, Mean. particle size . + - 0.01935 cm
Superficial linear : -~ . 410 cm/min
velocity
U/umf .A | 2. 12 ’
Inlet H,S concentration 1.0 vol. 7

Sorptioﬁﬁcapaéities and efficiencies are evaluated for
these two ashes. | |

Regéﬁeration.reaétion is examined at oxygen con-
centrations of 3-SZ.J The secondary reactions of_wééer-gas-
shift, COS formation etc. are also considered.

A ¢0mputef program is developed using the pre-

dictive rate equation to predict the steady-state material
and energy balances for a coupled, fluid-bed.desulfuriza- |

tion-regeneration reactor system.



CHAPTER 2
A LITERATURE REVIEW OF HIGH-TEMPERATURE

HYDROGEN SULFIDE REMOVAL PROCESSES
USING IRON OXIDE BASED SORBENTS

2.1 General Discussion

A high percentage of the sulfur present in coal is
transformed to hydrogen sulfide during gasif;cation. De-
pending on the nature of this raw material and the gasifi-
cation process, coal gas typically contains about 0;3 to
1.57 of HéS; also present is organic sulfur (up to 20-50
~gra1ns/100 SCF) in the form of carbon disulfide, thiophene,
mercaptans and carbonyl sulfide (Bhatia (1971)). The com-
position of low-BTU gas is variable depending on the parti-
cular gasifier. A typical product gas stream from an air-
blown fluid-bed gas producer ought to have comp051tlon
similar to that listed in Table 2-1. Due to their rela-
tively higher concentrations, H,S and COS are the only
sulfur bearing gases‘that.war;ant concern in meeting environ-
meﬁtal regulations and gas tufbine corrosion guidelines.
Many of the hot gas treatment systems currently undér de-
velopment do not remove ammonia or-hydrogeﬁ cyanide (Mor-
rison (1979)). If this results in NO, emissions in excess
of the EPA standard of 0.7 16/10% BTU for coalafifed power
plants; sepdrate NO_ treatment steps should be included.

8..
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Table 2-1
. TYPICAL LOW-BTU GAS COMPOSITION

concentration
component : _mole 7
- Co ' 20

€O, 17

H2 | 10

H,S ' 1

N, . 49

CHA 3

cs, 0.001

Ccos 0.03

CQHAS (thiophene) 0.01

mercaptans. 0.003

NH4 ‘ 0.3 :

HCN -- - 20 ppb

Many exhaustive general references are available on de-
sulfﬁrization and gas purification: (Meyers (1977), Crynes.
(1977), Kohl and Riesenfeld (1960). Ferguson (1975) presents
an excellent review of hydfogen sulfide removal processes
"with emphasis on low-temperature techniques. Schrodt and Hahn
(1976) give a general review of high-temperature H,S removal
_processes;' Meyers and Edwérds,(1978) make a detailed survey
of processes for high-temperature, high-ﬁressure gas purifi-
cation. Edwards (1979) analyzes HZS removal processes with
partiéular reference to low-BTU coal gas and presents a
brief section on high-temperature iron oxide processeé; Re-
cently, Morrison (1979) presented a concise review of the
latest developments in hot gas cleanup processes. The U.S.
Bureau of Mineé'(l959) published a bibliography of processes

for removing HZS from industrial gases covering the period of
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1950-1957.

2.2 iHigh-tgmperature H,S Removal Processes

A high-temperature fuel-gas desulfurization process

ideally should satisfy the following requirements:.

a)-High capacity and reaction rates for the .
-sorbent.maferial.

b) Favorable thermodynamic equilibrium and high
sulfur removal efficiéncy to meet EPA standards..

c) Operating temperature and pressure ranges
should be as close to gasifier.exit conditions
-as possible.

d) It‘should be easy to regenerate the spent
sorbent; sulfur recovery in the form of ele-
mental sulfur is.desirable.

e) The sorbent material should be both mechanically
and chemically stable sb that only minimum
replacement is needed.

f) The desulfurization process itself should not’
sigﬁificantly change the heating value of the
fuel gas.

g) Operating cost, energy requirements and cépital

investment needed should be relatively low.’
No process has been developed that meets all of the above’
desiredcharacteristics. Some potentially promising pro-
cesses which meet many of'the.above requirements are weli

summarized by Morrison (1979). Particularly noteworthy
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are the calcium and copper oxide based processes.ﬁ Oﬁlfﬁ
the iron oxide based procéSSes will be éonsidered,hére;.
2.2.1. Iron Oxide Based Processes:

The reactivity of iron oxides and other metal '
oxides towards HZS has long been known. In the rest of
this chapter, the following processes based on iron
oxide will be discussed: (1)'Appleby-Frodingham”process,
(2) United States Bureau of Mines (USBM) process, (3)
Babcock & Wilcox process and' (4) IMMR ash process. De-
tailed review of chemistry, thermodynamics~énd chemical
kinetics of the iron oxide'procesé will be made in
Chapter 3. The emphasis of the remainder of this'chapter
will be on the developmental findings of the four processes.
All are based on the reaction of H,S with iron oxides to’
form iron sulfides. Regeneration of the spent solid is-
achieved by reacting the sulfides with air to produce
SOéihia concentrated form, or with water vapor to produce
elemental sulfur (Bhatia (1971)).
2.2.1.1. ApﬁIéb?lFrodingham Process:

This is the_earliést known high-temperature iron
.oxide process that has been commercialized. Reeve (1958)
describes the development that led to the installation énd'
testing of a large pilot plant. The initial tests were
carriéd out in laboratory-scale fixed and fluidized bed
reactors using -16 mesh iron oxide particles. These ﬁefe_

performed at- the Appleby-Frodingham Steel Company at Scun--
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thrope, England in 1946. The process outlined from these .
tests was covered by British Patent Speéifigation,719;056
(1950). Thé desulfurization reaction was carried out‘atl ‘
620-750°F and space vglocities up to 3000. The reactién .
rate was observed to increase with temperature. At a o
space velocity of 3000,5the H,S ;emoval efficiency ;apged -
from 71.07 at 617°F to 94.7%7 at 750°F. Sulfided ogidé.'
was regenerated by roasting inlair at temperatures.upftq
1470°F. Some reduct;on in the rate of desulfurization-
reaction was noted after regeneration, but not to gny"
significant extent. | |

The results were confirmed in a larger reactor '
(6 inch diameter) before the installation of a pilof'plapt.
in 1956. The plant was capable of treating 2.5 million. .
cu. ft. of coke-oven gas containing about 600 grains of
H,S per 100 cu. ft. of gas per day and was designed:aé,gv
steady state fluidized system with continuous circulat;on
of the oxide between desulfurizer and regeﬁeratorv Sﬁl—
fided oxide was regenerated at 1100-1500°F by‘air, thé
sulfur being removed as 502 plus some 503; the exother@ic,.
heat of reaction was sufficient to maintain thg regenera-
tion bed at these temperatures. The desulfurizer was
maintained at about 700°F. Cold coke oven gas was pre-
heated to about 480°F by heat exchange with the hot de;ui-‘
furized gas. No external heat input was neceSsary:fOr

the whole process; and the process was self-sustaining
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once properly adjusted.

It 'was noticed that the effect of increasing the
desﬁlfutizer'bed'depth was less than linear. Ultimately,
the bed was diVided into two shallow beds which resulted |
in HZS”rémoval efficiencies of 95 to 997. While Reeve
does not attempt to explain the nonlinéar effect of bed
height’iﬁ his paper, it could have been due to the gfowth‘
of bubble-size along the reactor length. Thé effect of ‘
‘particié-size on the proceés was not evaluated; only con-
stant-size particleé of -16+100 mesh were used. Oxide re-
placement of 1 1b. per 5000 cu. ft. of gas treated were
found necessary due to slow breakdown of particles. Both
laboratory and pilot plant runs indicated that iron oxide
acted as a catalyst towards the decomposition of organic
sulfur in the gas to HyS which was then absorbed by the
hot oxide. It was concluded that the process was capable
of removing 997 of the hydrogen sulfide together with
907 of all organic sulfur comﬁounds other than thiophene
of which 207 would be removed. The pilot plant did not
include ‘a facility to convert the sulfur dioxide in the
regenerator exit gas into sulfuric acid.

- Based on the overall success of the Frodingham
pilot plant operation, a commercial size plant was in-
stalled at Exeter, England having a capacit& of 32 million
cu. ft. daily of crude coke-oven gas (Bureau and Olden

1967). ’A'dry contact type sulfuric acid unit was included
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in the scheme The plant was de31gned to achieve bench-
.scale eff1c1ency reported above, in a two- bed absorber
with the flnal equlvalent production of 987 sulfurlc acid.
Removal of hydrogen sulfide was substantlally better thanv
the design value, often reachlng 99.9%. Removal of or-rA
ganlc sulfur was found to be more temperature sen51t1ve
than that of hydrogen sulflde removal. When desulfurlzer
was malntalned above 750°F, removal of thiophene and
other organlc ‘sulfur exceeded the design flgures, It uas
fouhd that the plant was self supportlng in heat requlre-“‘
ments even when the crude gas HZS concentration was much
below 350 gralns per 100 cu. ft. Operatlon of the desul-”
furizer at temperatures below 570 F was avoided as this |
~caused the formatlon of elemental sulfur. The sulfur
dioxide concentratlon in the regenerator exit gas was
only about SZ, but the sulfuric acid plauL operaLed well
at these levels Oxide loss was greater than that from the
pilot study and amOunted to about twice the loss predicted.

Although the plant met all the technical design ob-
. jectives, economic-reasons caused its closure in 1565.
During this period a new technology of producing clean
gas at far less cost was introduced using light distil-
lates as the fuel. Also the Frodingham process suffered
economically due to. the fact that the anticipated reuenue
from-the sale of sulfuric acid did not materialize.

Nevertheless, it established the feasibility of a hot iron
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oxide process for temperatures up to 750°F However;
current approachlng gasification technology w111 demand
viable HZS removal processes capable of operating at
temperatures well over 1000° F o .
2.2, 1 2. Babcock-Wilcox Process .

Bhada and Sage (1970) and Kertamus (1973) have
described the laboratory and pilot scale testlng of thlS.”'
process. In1t1a11y, sintered iron powder packed in a |
reactor, and plain carbon steel were used as the reactant_
materiais. The iron was first oxidized in a stream of
air to generate a layer of iron oxide This oxide sur-
face was then used to remove the hydrogen sulfide present
in a synthetic gas stream containing 17 H,S, 127 co, 8Z
COZ’ 17 CH4 and the balance N2. At the end ofvthe desule
furization cycle, the sulfided iron layer was once again
regenerated with air. The exit stream HZS concentration
during desulfurization, and the S0, concentration during
'regeneration were continuously analyzed. Later,imore
laboratory-scale tests were done using 1/8 inch carhOn
steel pellets as the reactants. Water vapor and hydrogen
were also included in the synthetic gas for these tests.
‘Larger-scale experiments were performed in a pilot plant
reactor designed with iron‘grids.

Initial laboratory tests were performed at temper-
atures of 825-1600°F and gas velocities of 7 to 20 fps.

The large-scale system was operated at temperatures in
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‘excess of 1200°F to avoid fouling by carbon deposits; car-
- bon deposition was noticed in thevbenchfscale runs. It
was inferred from these tests that diffusive transport
‘would be the controlling design parameter since rates of .
regeneration and desulfurization were both found to be
~rapid. The later tests with steel pellets were more exten-
sive in nature. H,5 removal efficiency was found. to
. increase -with temperature, with 9372 at R75°F to greater -
-than 987 at 1200°F. . Sulfur removal capacities were also ..
found to ‘increase with temperature; at space veloqities N
-of 2000-2500 per hour, the capacities were: 3.5Ascf staj
“per 100 sq. ft. of surface area at 675°F and 13.8 at 1200°F.
"It was observed during the steel pellet runs that_desulfure
ization below 1000°F caused an initial concentration spike
of SO,; after this spike, the SO, concentration dropped
to a low value which remained until breakthrough.
Kertamus suggested that low temperature regene;atidn
(<1000°F)‘cahsed some formation of FeSOA in the:solid
which then reacted with HZS during desulfurization to
form SO, initially. |

Based on these results Babcock & Wilcox designed
a large-scale ''regenerative desulfurizer" using steel
plates. Further development efforts have not been re-
ported.
2.2.1.3. U.S. Bureau of Mines Process:

The USBM conducted laboratory testing of 48 dif-
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... ferent materials to evaluate their performance for removal
_.of HyS from hot simulated producer gas. These tests ﬁere
..discussed by Abel et al. (1974), Lewis et al. (1973), and
Shultz and Berber (1970). Initially these solids were -

- .tested .at temperatures up to 1500°F using a simulated
-producer gas (without steam, tar vapor or dust) of the -
following composition: 50.57 Ny, 26.07Z Cco, 17.07 H,,

.3.07Z CO, and 1.5% HoS. The sorbents were packed in a stain-
--less steel tubular reactor. Desulfurization was stopped

- when the H,S concentration in the exit gas reached about

-..0.15%7. The sorbent was then regenerated at 1000-1500°F

..in a stream of air. Among the various materials tried were:
: Fe203, fly-ash, red and brown mud, fly ash-red mud,
.pumice-Fe203, fly ash-Fe203, fly ash-metal oxides (other
than Fe203), and gasifier bottom‘ash. All except the
bottom ash were used in the form of sintered pellets.
. Based on the absorption capacity, durability, and ease -
of regeneration, the material found to be the best was
sintered pellets of 75 percent. fly ash-25 percent Fe,04.
Further tests were performed with this sorbent to deter-
mine the effects of sorbent composition, temperature, and
steam, tar and dust concentrations in producer gas on
HZS removal. The use of fly ash-Fe203 sorbent for pro-
ducer gas desulfurization was awarded a U.S. patenf (Shﬁltz
et al. (1971)). |

The selected fly ash-Fe203 pellets were formed by
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extrusion.bf a thick water péste of-the fine-size ingre-
dients and sihtering;at‘furnace temperature of 1900°-
2000°F for 10 to 15 minutes. The épproximéte-compbsition:
of this material was 367 Fe,04, 35% silica, 187 alumina, .
and small percentages of calcium, magnesium, sodium, pot-.®:
tassium and tifanium. They suggested that all oxides ex-- -
cept ifoh oxide'weré inactive materials\éﬁd did not contri-
bute to the desulfurization process. FPellets of % inch
diameter and % to % inch length were tested through 175 - -
regenération cycles using simulated producer gas and bed |
temperatures of 1000°, 1250° and 1500°F with a spdce
veolocity of 1000 per hr.

Average sorption capacitieslduring'the 175 cycle -
runs were lower than those for the newly sintered. sorbents.
The decrease was more pronbunced at 1500°F than at 1000°
and 1250°F. This finding was attributed to a decrease in .
the pore volume of the sorbent during the first 30
sorption-regeneration cycles. |

Addition of steam was found to reduce the capacity
of the sorbent; a 7 bercent addition re&uced the capacity
by 25 pércentvat‘1500°F. Runs made with tar vapor and
dust showed some carbon deposition on the.pellets from
cracking of tar vapors; also considerable accumulation
of dust was noticed. It was however concluded that tar
and dust present in producer gas did not sighificantly'

affect the sorption capacity or the general performance
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of the process.

The sorbent removed over 957 of the HZS}for ex-
tendedhperiods-ét'ﬁemperatures of 1100-1300°F and gas
space velocities of.SOO-IOOO per hr. Sorption capacitieés .-
(including H,S absorbed by the wall of the reactor) ranged-
from 4 grams of sulfur at. 1100°F to over 6‘gramsnof:su1fur*
per 100 grams 6f sorbent at 1300°F in'producer gas con-
taining iO percent steam and about 1 pound of.tar-and %
pound of dust per 1000 scf. Up to 86 percent utilization. -
of sorbent theoretical capacity was obtained. Water gas' .
shift reaction CO+H20 = CO,+H, was found to be catalyzed
by the sorbent, resulting in a reduction'of the dry base
heating value of the. fuel gas due to dilution by C02.
Increased temperature favofed higher carbon monoxide con--
centration at equilibrium.. The regeneration reaction
rate did not increase when the bed temperature was in-
creased above 1000°-1200°F. At an air space velocity of -
1000 per hr. and bed temperatures of 1000°:to 1500°F,
S0, concentrations of regenerator exit gas were between
6 and 10 percent before oxygen breakthrough; regener-
ation in pure oxygen gave an. éffluent of 100 percert SOZ‘
It was recommended that'temperatﬁres over .1500°F be avoided
to prevent fusion of the sorbent pellets. Some_élemeﬁtal
sulfur formétibn‘durihg the regenération reaction was
noticed." At'1500°F some formation of CH, (not present

.in influent gas) was found during desulfurization. Spec-
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trdgraphic analysis of desulfurization réaction producté )
revealed the formation of troilite (FeS); stoichiometric
calculatioﬁs indicated an empirical composition of
FeSl.3. It waé suggested that the products of reaction
were ferric‘Sﬁlfide (Fe253) and pyrite (Fesz)‘(shultz and
Berber (1970)). No attempt was made to define the stoi-
chiométry‘precisely. Oldaker et al. (1975a) had later
suggéStéd that the empirical compositibn‘was ‘E‘eSl.5 with
FeS and FeS2 being the sulfides. |

‘ In additioﬁ to the laboratory-scale tests describéa
above, larger-scale tests were performed using a 6-inch-
diameter, 4-foot-high stainless steel reactor (Oldaker
et al. (19755)). Actual pfoducer gas from an experimentéln
stirred, Eixed-bed, air-blown gasifier (of 3.5 feet dia-
meter) was‘uéed for these studies. The gas producer and
the desulfurizer were coupled. The desulfurizcr was
loaded with f3 pounds of 3/16-inch-diameter sorbents.
The complete system was maintained above 1000°F to pre-
vent tar condensation. A gas space velocity of 1900 per
hr. was maintained. Carbon deposition increased the
preasure drop from 1.5 psig initially to 8 psig at the
eﬁd of the runs. This material was removed during the
regeneration reaction with air.

Four 15-hour sorption runs were conducted at

1100°F; the runs removed 90 to 94 percent of the inlet H,S

which was aboutr 0.5 percent. The H,S removai efficiencies
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were calculated by averaglng the HZS outlet concentra—.
t;ons up to a value of 50 gra1ns/100 scf. Prlor to break—_
through, the exit H,S concentration was steady at about
25 grains/100 scf. Tars and particulates did not ad- o
versely affect‘the process. Maintaining the regeneration'
bed temperature below 1500°F, the temperatﬁre iimit to
avoid particle fusion, was a majof problem; regeneratioﬁ
air flow had to be kept vety low to protect the sorbent. o

Oldaker et al. (1975b and 1975c) and Farrlor et al
(1976) have described the next stage of USBM tests to 1m-‘
prove the crushing strength, sorption capacity, sotptlon 1 
efficiency and fusion temperature of‘the sorbent;."Fly
ash supported sorbent, as described above imposed ; temev
perature limitation of 1500°F. This upper limit was in-
creased to about 1750°F by the use of silica as the-eup-
porting material; the 3111ca supported sorbent also allowed
higher iron oxide addltlons (457) without the problems of
reduced crushing strength as exhibited by the fly'ashé
Fe,0 3 pellets when total Fe,0 3 exceeded 37 percent The
higher iron oxide content increased the H,S sorption
capacity of the silica based sorbents.

Air Products and Chemicals, Inc. (APCI) was a-
warded a contract by the U.S. Energy Research and'Deve14
opment Administration (currently Depertment:of Energy) to

extend the research on the USBM process. The APCI work

included sorbent development and kinetic studies. Joshi
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and Leuenberger (1977) have described in detail the re-
sults of the studies conducted by APCI. - Most process
studies were done in packed beds with 427 iron oxidg in
fly ash sorbent. The range of the process variables -
studied for desulfurization runs were: Température 600°F
to 1400°F, pressure 20 to 400 psig, Space vélocity 1300
to 3600, hydrogen sulfide concentration 0.6 toll.QZ,
sorbent péllet diameter 1/8 and 1/4 inch, and iron oxide -
content of sorbent 8 to 637. Sulfided sorbent was regen-
erated atbiOOO°F and 1200°F, 20 psié and ‘150 psig pressures,
700, 1300 and 6500 per hr. space velocities. Air concen-
trations of 15 and 207 (rest being steam) were used to
regenerate the sorbent. For regeneration studies, only
the 217 and 427 iron oxide pellets were used.

Simulated producef gas (free of tar and partich '
lates) of the following nominal composition was used for
the desulfurization studies:  48.67 N,, 20.57% €O, 14.97
H,, 6.5% CO,, 1.97 CH,, 0.6% H,S and 7.0%7 H,0. Dynamic
desulfurizatioﬁ and regeneration were anélyzed by plot-
ting percent H,S breakthrough vs. sorption efficiency.
Sorption efficicency waes defined as the ratio of sorber
onstream time for actual operation to- sorber onstream
time for perfect sorption. The definition of perfect -
mxptionisdiscussedih more detail in Chapter 6, Section -
6.2.1. The slope and breakthrough point obtained from the

above curve are influenced'by the rate of reaction: the
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sorption efficiency is therefore an indication of rate of
reaction. The-qualitative conclusions from the APCI kinetic
studies are summarized below; the quantitative results are
outlined in Chapter 3.
Desulfurization:

Change of linear velocity from 1.2 fps to 2.3 fps
was found to result in increased bed efficiency. 'However,
at constant lihear<velocity, increase in space velocity
decreased the efficiency. It was postulated that the
reaction wave would display a constaht pattern after
formation. . Sorption efficiency was found to improve rapidly
with temperature in the range 600°-900°F; the improvement
was less répid up to 1200°F; identical efficiencies were
-obtained at 1200 and 1400°F. Sorbent performance appeared
to be better at lower H,S concentration level; however the
effect was considered small. Reduction of sorbent pellet
diameter from % inch to 1/8 inch improved the sorption ef-
ficiency by 5-10 percent; this effect was even more pro-
nounced at higher pressures. No significant difference
in performance was noticed between silica supported and
fly a;h supported sorbents. Performance curves- for sor-
bents prepared with more than 427 added iron oxide indi-
cated a decreése in performance; it was suggested that this
éffect was due to the change.in controliing mechanism
caused by the decrease in porosity-of the.éorbent. A

sulfur capacity of 0.37 gréms of sulfur per gram of iron



24
oxide at 1200°F indicated an empirical sulfided product
of Fey oS close to that of pyrrhotite. An increase in
pressure was, in general, found to improve sorbent per-
formance thé effect being considerably greater on a low
performance sorbent. The authors have cautioned that
these conclusions were based on sulfidation 6f fresh
sorbent; effect of number of cycles of regeneration of
sorbent performance was not evaluated.
Regeneration:

Many regeneration schemes were evaluated with
overall process economy in mind and steam-air mixture
was selécted for the experimental studies; a 857 steam-
157 air mixture was used in the experimental studies. Due
to water vapor condensation problems, a dry gas analysis
was performed using gas Chromatograﬁhy to obtain oxygen
breakthrough curves. Adiabatic gas temperature rises of
400 to 500°F were predicted but observed values were
lower, During regeneration, 80-957 of the absorbed sul-
fur was removed. Wet tests on regenerated sorbent showed
that residual sulfur might be present as sulfate or some
compound other than sulfide; however, X-ray diffraction
analyses did not reveal any significant sulfate. Ele-
mental sulfur, SO3 and SO, were the sulfur products of
reaction; high elemental sulfur formation, 20 to 30%Z, oc-
cured in the initial periods of regeneration. it was

pointed out that, since elemental sulfur formation was ob-
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served on sorbents sulfided in reducing atmospheres during
desulfurization as well as sorbents sulfided in inert
atmospheres, the sulfur forming phenomenon did not seem -
to depend on sorbent history. .Figure 2.1 gives the o
regenerator effluent concentration of SO,, S04 and S as
a function of time on stream. 'Very high space velocities
(6500 per hr.) were found to significantly reduce the
fraction of elemental sulfur formed. Carbon deposition .
on the sorbent during desulfurization was found to be
small (0.77 by;weight) when there was water vapor present.
Significant deposition of carbon (127 by weight) occured
in the absence of water vapor.

Increased iron sulfide content in the sulfided
sorbent increased the regeneration efficiency for
oxygen breakthfough. Increase of space velocity from
200 to 1300 per hr. decreased the efficiency at 107
oxygen breakthrough from 1.0 to 0.88; and perfect sorp-
tion time decreased from 11.69 hrs. to 6.9 hrs. As pre-
viously discussed this amounts to a decrease in the ob-
served rate due to increased space velocity. Increase
in pressure increased the efficiency at 107 breakthrough
slightly and seemed to give higher observed rates but the
extent of regeneration percent removal of absorbed sulfur
decreased significantly. When the béd temperature was
increased from 1000 to 1200°F (with %-inch-diameter

pellets), regeneration efficiency increased significantly. -
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Increasing velocity at a constant epaee velocity increased
the regeneration efficiency slightly; this effect was
more pronounced for desulfurization. As in the case of
desulfurization;‘i/8-inch-diameter pellets displayed much
higher efficiencies as compared'ﬁith tﬁe %-inch pellet.
Two runs were conducted at differentAo£§gen coneentra-
tions, namely 2.97 and 3.9%7. Efficiency of regeperation
increased slightly with increase in oxygen coneeqtration;
however, the adiabatic temperature rise was 258°F.for
3.9%7 oxygen and 320°F for 2.97 oxygen. This was ex-
plained as being due to the greater extent of the endo-
thermic elemental sulfur forming reaction'(SOé+Sz)'at
highe: oxygen cencentrations.

APCI also measured the change in pﬁysical character-
isticelof the sorbent pellet from fresh to sulfided to
regenefa;ed. Pellet true density increased by about 3 to
52 after sulfiding but decreased back to fresh sorbent
value'affer regeneration. Crushing strengths of sulfided
and regenerated sorbent pellets were 300 to 400 percent
higher than those of fresh sorbent. Surface area of the
sorbent decreased slightl& after sulfidiﬁg but increased
'after regeneration. Totalipore volume.of the fresh |
- sorbent decreased by about 347 after sulfiding; and in-
creased slightly on regeneration. Pellets were also
analyzed for X-ray diffraction petterns. These results

will be discussed in Chapter 3.
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2.2.1.4. Coal Ash Process:

The early stages of development of this process were
done at the Institute for Mines and Minerals Research
(IMMR), University of Kentucky and is referred to in:
literature citings as the IMMR process. The process uti-
lizes coal gasifier-bottom ash as the sorbent material .
for H,S. Results of these initial investigatione were
reported Ly Schrodt (1975b) and Schrodt and Hahn‘(l976).”c
Based on the favorable results of these investigationms, |
the second phase of process studies, supported by the U:S.
Department of Energy, was started late in 1976. This: |
dissertation work forms part of this study. Coal ash was
one of the several solid sorbents considered by the ﬁ,S.»
Bureau of Mines during the initial evaluation of sorbents
for the USBM process (Abel et al. (1974)). However, the
material was not investigated further; the reason for
this action was not discussed. Hamrin and Maa (1975);'
during their investigations on the use of bottom-ach to
prevent coal agglomeration, also noticed the ability of
the ash to absorb hydrogen splfide. One of the earlieét
references to the use of coal ash aes a high-temperature
H,S acceptor was in a U.S.‘Patent to desulfurize synthesis
gas, assigned to Jahnig et al. (1950). The process des-
cribed in this patent used coal ash with IO-AOZ'carbon 
(referred to in the patent as spent char) to desulfurize

synthesis gas at temperatures of 400 to 1000°F. About
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2.5 to 5 volumes of air per volume of equivalent H,S to
‘be t;eated were added. It was claimed that the oxygen
admitted into the desulfurizer (in the form of air)
oxidized the-hydrogen sulfide to free sulfur which de-
posited on the carbon in the spent char. Although it was
claimed in the patent that the ferrous constituents in
the ash aided the sulfur removal, no desulfurization
chemical reactions pertaining to the process were discussed.
The mineral matter present in coal is non-com-
bustible in nature and ends up as ash whén coal is gasi-
fied. Coal contains typically 10-20 percent ash forming
material. The ash itself contains 5-35 percent iron
oxides. It is this iron oxide that is mainly responsible
for the reactivity of coal ash towards hydrogen sulfide.
Actual chemical analyses of ashes used in this work from
four U.S. coals are listed in Appendix A. The ashes
contain, besides iron oxide, silica (about 50%Z) as the
major constituent, about 207 of alumina, about 57 of
calcium oxide and smaller quantities of other oxideé.
| Initial feasibility studies of the coal ash prdcess

were conducted using Western Kentucky No. 9 ash packed
in a 304 S.S. reactor of 2 incﬁ diameter and 48 inch
length. These fixed-bed experiments were described in
detail by Hilton (1974). Experiments were carried out
using synthesized producer gas (without water vapor and

tars) at temperatures of 700-1450°F, pressures of 80 to
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150. psi, space velocities of 800-2000 per hr. and inlet -
hydrogen sulfide concentrations of 0.5 to 1.5%. Hydro-.
gen sulfide breakthrough curves were obtained for the
range of variables mentioned above. HZS removal of
greater than 997 were obtained. A strong influence of
the operating variables on ash capacity was noticed.
Increased spaée velocities inc¢reased the sorption capacity.
but decreased the efficiency.  Increasing the temperature,
pressure and hydrogen sultide concentration increased -
the observed ash capacity. Water-gas shift reaction was"
found to reach equilibrium concentrations. Methane de-
pompésition resulting in carbon deposition occured above
800°F in the absence of water vapor in the preheater
section. However, no carbon deposition.was observed on
the sorbent itself. An increase in methane composition
was noticed, supporting similar observations made by Shultz
and Berber (1970) while wé:king on the USBM process.
The hot ash process was later tried in a fluidized bed
and found to work satisfactorily (DeBoer (1975)). It
must bé mentioned that sorption capacities reported in
these two initial studies include H)5 absorbed by the ash -
and stainless steel reactor walls themselves.

Efforts were focused during thelsecénd phase of
the process devglopment studies, on obtaining quantitative
rea;tion rate data. Effects of process varidbles on ash

capacity and efficiency were investigated. The kinetic



g

31
rate ‘expressions developed will be outlined in'Chaptér~3.
Experiménts‘were conducted in quarﬁz reactor tubes of in--
side diameter 35.0 m.m (1.38 inch). Schrodt (1976 and
1977b) has described the experimental setup in detail.
Four different ashes--Westefn'Kentucky No. 9, Kentucky
Elkho;n,No. 3, Montana Rosebud and Virginia Sprint--were‘f'
evaluated in the fixed-bed mode. Three different sizes--
Tyler mesh 20/35, 10/20 and 4/8--of ash particies’wére
tested. At the start of the deéulfurizatioh'tests, rapid "
reduction of iron -oxide took place as evidenced by de-
creases in the levels of the reducing gases CO and H,
and increases in the CO, and H,0.levels. Carbon oxy-
sulfide was formed by the reaction of CO with'HZS, but
was apparently removed by the ash along with the- input
HZS. Surprisingly, thelcapacity arid éfficiency of the
ash were found to increase with the number of regener-
ations up to about 10 cycles. This effect is-in apparent *
contradiction to the USBM findings (Abel et al. 1974).
This was discussed in Section 2.2.1.3. The USBM‘efféct
was explained to be due tothe'reduction~of pore volume of

the sorbent, while in the case of the ash, progressive

‘migration of iron towards the surface took place. This

fact was verified by EDAX electron scans on the ash par-
ticles. With ten cycles, the iron concentration near
the particle surface increased from 18.6 to 73.7% w/w

and appeared to be concentrated in a layver of thickness
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20-50 microns. These facts and the experimentally ob-

served effects of operating variables on the hot ash

process were discussed in detail by Schrodt (1977b, 1977c).

The process variables effects on desulfurization are sum--.
marized in the following paragraph.‘

Presence of water vapor in the synthesized low-
 BTU gas did not significantly change the efficiency or
dsli capacity. llowever, precence of water vapor cansed a..
measurable H,S concentration in the reactor effluent gas -
prior to breakthrough, while none was detected in the
absence of influent water vapor. Temperature effects
were evaluated at 800, 1000, 1200 and 1400°F. Increase -
of ‘temperature increased both the capacity and the effi-
ciency markedly; ash performance was very poor at 800°F.
Increase of ash particle-size generally decreased the
capacity and eftficiency. A slight increase of ash capacity
was noticed at a space velocity of 2000 per hr. as com-
pared with those obtained at 3000 and 4000 per hr. The
ash bed effectively removed carbon-vxysultide from the
gas either directly or indirectly. A run conducted with
0.73% H,S, 0.175% COS and 2.7Z H,0 in the influent gas re-
sulted in no measurable COS or HZS in the effluent gas
prior to breakthrough. The presence of COS did not affect
the ash capacity. Carbon-oxysulfide was found to react
with H, and/or H,0 to form H,S which resulted in higher

than input concentration of HZS'in the effluent gas, after
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saturation of. the ash bed. Effect of H,S inleﬁ concen-
~ _tration was studied ét concentrations of 0.472, 0.957
-~and 1.68%7, all at a space velocity of 2000 per hr., 1000°F
and 27 inlet water vapor content. The 1.68% HyS run ‘
~gave slightly higher ash capacity. Thé breakthrough curve
for the 0.477 run appeared steeper than the other two.
.. It was concluded that the effect of H,S concentration on
-ésh capacity was not great. When the carbon forming
gases CO, COZ and CH4 were excluded from the influent gas
. mixture a lower ash capacity resulted (see Morrison (1979):
and Schrodt (1977b)). Four different aéhes were tésted N
that had ironlbxide concentrations of approximately's to
227 by weight; results show that the ash capacity in-
creaséé with increasing iron oxide concentration. -Figure
- 2.2 illustrates the increase of capacity due to iron
oxide concentration with temperature as the parameter.
The Western Kentucky No. 9 ash exhibited a greater c5pa— :
city and a greater (667) utilization of its iron content
. at 1400°F as compared to 227 for,Virgiﬁia ash at the same
- temperature. Addition of cérbon-disulfide to the inlet
gas showed an effect very similar to that of C0S--CS,
was not noticeable in the effluent stream prior to break-
thrdpgh. However, unlike COS, CS, was not detected in

the effluent gas even after breakthiough; this was ex-
plained by the fact that the equilibrium concentration of

CSZ,.according to the reaction COS+H28 = CSZ4H20, would
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be below the detection level of the gas chromatograpﬁ.
Also, no.significant effect of CS, on ash capacity, ef-
ficiency or reaction rate was found. Since the Inconel
600 metalhreactor used to test pressure effects reacted
with the H,S in the fuel gas, the only conclusion

that could be reached was that pressure increases had a
positive effect on the capacity of the ash. Test runs
with the empty metal reactor showed that the sorption
capacity of the metal wall increased with the number of
regenerations in the same fashion as the ash, reaching a
constant value after 8 to 10 cycles. The secondary ef-
fects of metal corrosion by HZS’ carbon deposition, water-
gas shift reaction, and tar vapors were studied by Evans
(1978) and summarized by Schrodt (1978). The theoretical
and quantitative findings from these‘studiés will be des-
cribed in Chapter 3. The carbon deposition measured was
quite small with only 2 to 77 of the thedretiéally pre-
dicted values. Since measured/predicted véiues increased
with temperature while thermodynamics prediéted an op-
posite effect, it was concluded that rate factoré con-
trolled the amount of.carbon deposited. Iron oxide,
cementite and iron sulfides, the iron compounds present
in gasifier environment, were not found to catalyze the
decomposition of CQ. No adverse effect due to carbon de-
?oSition on the performance of the ash was observed.

-Carbon deposition from,cracking of tars was foundvtd;be
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significant (for example 0.1 gram of carbon/gram of tar
injected at 1300°F) and increased with temperature; how- .
e&er,~$u1fidation tests indicated that‘this carbon did
not affect the ash sulfur capacity. - Some residual sul-.
fuf (up to 0.87 by weight) was still present in the re- ..
geﬁerated ash sampies during these tests. The inVesti—
gation on the water-gas shift reaction revealed that this
reaction prbceeded to a significant extent approaching
equilibrium composition. The reaction was found to be
cétalyZed by the minerals present in ash and highly temper-
ature dependent. The metal corrosion stﬁdies revealed
that metals with low nickel content and traces of aluminum
and silicon showed good corrosion resistance.
Regeneration:

Regeneration studies with air were carried out on
Western Kentucky No. 9 ash of 10/20 Tyler mesh particle
size. Experiments were carried out at 800, 1000 and
1200°F with inlet air space velocities of 50; 90 and
134 per hour : High oxygen utilization efficiencies (0.8
ﬁo 0.95 measured at 157 breakthfough) were obtained.
Reactioﬁ rate was found to be very rapid. Increases in
temperature and air inlet velocities were found to improve
efficiency. Maximum adiabatic temperature rises of the
regeneration bed did not exceed 200°F. Typically 60 to
857 of the sulfur was recovered as SO,, 10 to 20Z as pure

elemental sulfur and the balance remained on the ash in
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an unidentified form. It was suggested that the .elemental
sulfur formed during ‘the early stages of regeneration in
the downstream section of the bed by the reaction of'SOZ
-with FeS in the bed. Low gas velocities were said to favor

high elemental sulfur formation.



CHAPTER 3

REVIEW OF CHEMISTRY, THERMODYNAMICS AND KINETICS
OF THE COAL ASH PROCESS

3.1 General Considerations

It has long been known that many metal oxides can
react with hydrogen sulfide at elevated temperatures.
Westmoreland and Harrison (1976) made a sysfematic thermo-
dynamic screening of sevéral metal oxides, using the
method of free energy minimization, to evaluate their po-
tential for desulfurization gndfto define the range within
which the sorbent oxides would be’efféctive. They iden-
tified oxides of Fe, Zn, Mb,~Mn, Vv, Ca, Sr, Ba, Co, Cu,
and W as showing thermodynamic feasibility for high-
temperature desulfurization of low-BTU gas. The authors
examined the gasification miitures reporteﬂiby various
workers and concluded that their results would be appli-
cable to a broad range of low-BTU gagicompositions.
EquilibriumAfractional desulfurization for the various
metal oxides at different temperatures (633°K to 1773°K)
and 20 atmospheres bressure are repofted in their work
-in the form of graphs which are reproduced here as Figures
3.1(a) and 3.1(b). The authrs have also p;esented a
tablé that predicts the staEléréélid phases for the dif-
ferent oxides as a function of temperature. A recent

38
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papéf byiAttar (1978) gives an exhaustive review of the
: chemistry,~thermodynamiCS and kinetiés of réactions of sul-
fur in‘céalegas reactions. Though this paper does not
directly deal with the iron oxide desulfurization reactionms,
it provides an excellent overviéw of the many sulfur-
related reactions associated with coal pyrolysis and gasi-
fiéation. The rest of this chapter will be devoted to
discussion of the iron oxide sorbert.

3.2 Chemistry and Thermodynamics of Itron Oxide Processes-

3.2.1. TIrom Oxide_Reduction:

bring the coursé of the regeneration reaction,
the sulfided iron oxide is oxidizeéd to the stable form
Fe,05 which is then recycled to the desulfurizer for
further service. The strong reducing atmosphere presént
in low-BTU gas- desulfurizers makes several reduction re-
actions possible, one of them being the reduction of iron
oxide. Iron oxide may be reduced by both hydrogen and
~carbon monoxide ﬁhat form part of the low BTU gas. These

reactions may be represented as follows:

3Fe,04+H, = 2Fe304+H2'0 (3.1)
Fe,0,+H, = 3Fe0+H,0 _ : (3.2)
FeO+H, = Fe+H,0 " p - (3.3)
3Fe,04+C0 = 2Feq0,+C0, : (3.8)
Fe3Q4+co = 3Fe0+CO0,. - (3.5

" FeO+CO = Fe+C02 : ‘ (3.6)

These reactions have been studied in great detail due to



41
their importance in the iron and steel industry and exten-
sive thermodynamic and kine;ic data are available. Re-
duction rates of Fe,04 .are generally known to be much
higher than desulfurization rates and, therefore, it ap-
pears tha;.iron oxide reduction precedes the HyS removal
reaction. - The‘hy&rogen sulfide in the fuelvgas would then
‘react;with.the reduced iron oxide which may be Feq0,,
FeO or Fe. The degree of reduction of Fe203 is dictated
by the temperature and, CO/C02 and H2/H20 ratios. These
equilibriums aré éhown in Figures 3.2(a) and 3.2(b).
It should also be noted that phase transformation of Fe203
from alpha form to beta occurs at 953°K and from beta to
gamma at 1053°K. Figures 3.2(;) and 3.2(b) may be used to
predict the'differehtvsolidkphases that may exist during
the iron oxide reduction sfep. For example, for the reac-
tion %Fe40,+CO = 3/4Fe+C0, to proceed at 1000°F leading
to the formation of elemental iron, Figure 3.2(a) shows
that the ratio CO/CO2 should be greater than 1.0. Figure
3.2(b) shows that.for elemental iron formation by the
reactionlkFe304¥H2 = 3/4Fe+H20 at 1000°F, the HZ/HZO
ratio should be greater than 4.0. Figure 3.2(a) also
includes the equilibrium compositions for the carbon |
deposition reaction, 2C0 = CfCOz which will be discussed
iater. Westmoreland and'Harriéon (1976) conclude from
their thermodynamic studies (mentioned in Section 3.1) that

iron oxide is a suitable desulfurizing material at tempera-
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tures up to 973°K (1292°F). Beyond this temperature;‘the
Fe304 phase stafts'transforming to (in low BTU gas atﬁos-
pheres) FeO which results in a rgpid decrease in fracfional
desulfurization. This decrease, an examinatiqn of Figpre‘
3.1(a) reveals, becomes very larée at about 1088°K (1590°F);
therefore, a témperature of 1500°F may represent the‘u?peg
1imit for iron oxide based processes imposed by thermbﬁ"
dynami¢ equilibrium considcrations. The srudies uf wégég
moreland and Hérrison reported above also predicﬁ the.
stable phase of Fe3C at temperaturesA1073°K-1225°K_an§ oy
thé formation of elemental iron above 1225°K. The AG°,
AH® and equilibrium constants for some of the rééctions of
interest in this chapter are listed in Table 3.1. Edui-
librium constants for the iron formation reactions are
also included in Figure 3.4. |
3.2.2. Desulfurization§

During desulfurization, the oxides of iron ma&'
react with the hydrogen sulfide in the low-BTU gas to fofm

solid sﬁlfides'according to the following chemical

reactions:
Feq0,+H,S = Fe82+2FeO+H20 '(3.}0)
FeO+H,S = FeS+H,0 ' (3.11)
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Reaction

Temperature, °K
-AH, kcal
-AG®, kecal
g

. ,.__a
Reaction

Temperature, °K
. =-AH, kcal
© -AG®, kcal
K

. _a
Reaction

Temperature, °K
--AH, kcal
-AG°, kecal
K

Reaction?

Temperature, °K
-AH, kcal

-AG°, kcal
K

Reaction?

Temperature, °K

-AH, kcal
-AG°, kcal
K

650 800

1.43x10
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Table 3.1

THERMODYNAMIC PARAMETERS
FOR IRON-OXIDE PROCESSES

3Fe203 + H2 =~2Fe304 + HZO

950 . 1100
1.258 0.602 1.454 2.723
14.649 . 17.830 21.009 23.994
8.43x10° 7.43x105 6.81x104 5.86x10%

Fe203 + ZHZS + H, = 2FeS + 3H20

650 800 - 950
9.930 11.239 12.742
24.260‘8 27.435

3.13x107  9.54x10

1100
13.683

30.337 6 33.036 6

3.66x10

650 800 950 , 1100
41.327  42.156 42.376%  44.224
24.942 o 21.121 17.069 , 12.848

2.78x10° 5.89x10°

4FeS +7O2 = Fe203 + 4802

650 800 - 950
593.650 591.888 589.720
500.028  478.594 457.548
10100 10100 10100

650 800 - 950
792.742  791.009 788.675
743.942  732.847 722.149
10100 10100 | 10100

*This number should correctly be 43.376.

8.45x103 3.57x102

1100 -
588.629
436.776

6.1x1086

1100

787.213

711.763
10100



Reaction®

Temperature, °K

-AH, kcal
-AG°, keal
K

Reaction?

Temperature, °K
-AH, keal
- AG® ’ kcal
K

Reagti’onb
Temperature, °K
-AG®, kecal

K

Reactionb

Temperature, °K .

-AG®, kcal-
K

Reactionb

Temperature, °K
-AG?, keal
K

'ReaCtionb

Temperature, °K
=AH, kcal
-AG®, kcal

Reactionb

Temperature, °K
=AH, kcal
-AG°, kcal
K
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Table 3.1 continued

6FeS + 4802 = 2Fe304 + 582

650

. =32.743

-37.802

800 - 950
-36.333 -38.739
-38.582 -38.757. |

650

-126.813 -126.586

-61.552

2.00x10"212.21x10

'1.94x107132.88x10711 1.21x10°9

800 950
2129.836
-46.302  -30.746

-13

FeS + H,S = FeS, + H,

500
4.2
68.2

645 1000
0.—0 -7-5
1 0.023

Co + HZS = COS + H2

500
-0.301

4.8x10"2

800 1000
-5.41 -6.84 .

3.3x102  3.2x10°

C02 + HoS = CoS + H20

500
-7.91

3.5x10""
2FeS + SO
1000

-35.0
-22.5

Z

800 1000
-7.70 -7.57

7.9x1073  2.2x10"
= FeO + 1.SS2

3FeS + 50, = Feg0, + 350,

1000
406
350

2

2

1100

-38.915

~38.731

2.01x108

1100 - . -
-130.077
-15.079

8.43x1078 1.01x1073

1200
-8.19 °
3.2x107

1200
~7.45

4.4x10"



ReactionP
Temperature
~AH, keal
-=AG®, kcal

Reactionb

Temperature, °K
=-AH, keal |
"=AG°, kcal

LR r

Reac‘tionb

Temperature, °K
-AH, kcal
-AG®, kcal
K

47
Tabie 3.1 continued

3FeS + 202 %kFEBOQ + 3/282

1000

150

120

3Fe0 +4zso2 = Fe0, + 1/2S, + SO,
500 100 1500 '
0.0 T -21.4 © -34.5

'1/3Fe,04 + SO, + 1/20, = 1/3Fe2(804)3:‘

500 1000 1200
14.0 3.2 -9.4

4 _ from Schrodt and Hahn (1976)

" b - from Case (1978)
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Fe+H,S = FeS+H, » (3.13)
FeS+H5S = FeS,+H, | (3.15)

Equations 3.7 and 3.8 represent the overall desulfurization
reactions and may be obtained by combining the iron oxide
reduction reactions (equations 3.1 to 3.6) with the
equations 3.9 to 3.14 appropriately. Equilibrium constants
fur the overall dcouquriéation reantioﬁs are reported by .
Hilton (1974), Schrodt (1975b) and Schrodt and Hahn (1976).
‘Data from these sources are used to plot Figure 3.3 giving
‘equilibrium constants for reactions 3.7 and 3.8 as a fune-
tion of temperature. It may be .noted from this figure

that the equilibrium conétants are large in the temperature
range of interest (700-1100°K), indicating-favorable de-'“
sulfurization. For many low-BTU gas compositions, the
product to reactant ratios for reactions 3.7 and 3.8 are
such that the ferric disulfide formation is not favored.
The equilibrium constants for the desulfurization reac--
tions are large enough to allow removal of H,S consisteﬁtly
below the EPA staﬁdards of approximately 0.001 mole frac-
tion for temperatures of up to 1200°K. Since there is no
net change in moles of the gaseous species in reactions

3.7 to 3.15, total pressure will not affect equilibrium
compositions. Desulfurization reactions are mildly
exothermic with a -4H° value of about 8 kcal/mole H,S.

A discussion on the stability regions of different
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iron sulfides is appropriate at this.point. Only two iron
sulfides are known to exist in a stable form at tempera-
tures above 573°K, based on thermodynamic studies on-iron-..
sulfur system. They are pyrrhotite and pyrite. Pyrrhotite.
is a nonstochiometric compound with varying degrees of
iron deficiencies represented by Fel_xS with x values of ~
0 to 0.34 (ﬁass and Khalafalla (1974)). The iron defi-
ciency is caused by vacancies in the lattice. Pyrrhotite -

is similar in this respect to wustite (Fe, _0). Stoi-

lex
chiometric FeS with x=0, is known as troilite. Pyrite
(cubic) is one of the two crystalline forms of iron di-
sulfide, the other being the orthorhombic form called
marcasite. Hass and Khalafalla (1974) found that at tem- -
peratures higher than about 573°K pyrite decomposed to
pyrrhotite. Inspection of the equilibrium constants re-
ported for equation 3.15 in Table 3.1 shows that above

630°K, the decomposition of FeS, is favored. Maa et ai.

(1975) have reported that pyritic sulfur was completely

transformed to ferrous sulfide at about 873°K under hydro- -~

gen and at 1013°K under nitrogen. Similar ‘observations
were reported by Ganguly and Banerjee (1973) while
studyinig recovery of elemental sulfur from pyrite by
reaction with hydrogen and carbon monoxide. Attar (1978)
also reported that the reductioh of FeS, by Hy, to FeS and
H,S was favorable above 760°K. The empirical formula of

FeS1 5 reported from the preliminary work on the USBM
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process (Abel (1974)) discussed previonsly in Section:.. -
2.2.3.3, was lafer found to overestimate the amount.of -
sulfur absorbed by iron (Case (1978)) due to the inclusion
of corrosion products; revisions indicated no sulfide of
higher order ‘than FeSl.l. Schrodt (1977b) made a thermo-
dynamic analysis using free energy minimization computer
code; he also constructed Fe-3-0 diagrams for comparing
the computer prediétions. These studies indicatedvthat
for standard low-BTU gas compositions in the temperature .
range 8105-1033°K,~the solid sulfided reaction product
was ferrous sulfide. . This conclusion was strengthéned
by X-ray -studies-on ash particles. Based on the facts dis-
cussed in this section it may be concluded that iron sul-
fide (pyrrhotite) is- the primary solid sulfur product of
interest for desulfurization studies of low-BTU gas.. Due
to the lack of reliable thermodynamic data on'nonstochiof
metric FeS, it is customary to use the data for troilite.
Wustite aﬁd pyrrhotite are.represented in this chapter by
FeO and FeS respectively.
3.2.2.1. Seéondary Reactions During Désulfurizatipn:

Because of the presence of various gases in the
low-BTU producer gas,sevéral)secondary.ieactions méy
take place during desulfurization. Some of.the important
ones .are listed below.

_CO+H,0 = CO+H, - o (3.16)

(Water-gas shift reaction)
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2C0 = C+CO, | (3.17)
" (Boudouard reaction) |

CH, = C+2H; . . (3.18)
- (Methane decomposition reaction) ‘)
CO+H,S = COS+H, - E -~ (3.19)
RSH+H, = RH+H,S -1 (3.21)
(Mercaptans) ‘

C,H,S+4H, = C4H10+ﬁ28 : | (3.22)
(Thiophene)

Hydrolysis of the organic sulfur compounds in presénce of
water vapor may also be taking place according to the
following reactions:

CS;+2Hy0 = COp+2H,S o BRI

COS+H,0 = CO,+H,S (3.25)

The ffee energy change, heat of reaction and equi-
librium constants for some of these reactions ére listed
in Table 3.1. The first three reactions are undesirable
since they tend to reduce ﬁhe heating value of the fuel
gas. Equilibrium constants for these réactions are shown
ih a graphicalAfufm in Figure 3.4, where it may be noted
that reaction 3.16 is feasible in the temperature range of
interes; to the hot ash desulfurization process; the re-
action is known to be catalyzed by iron and oxides of iron
as discussed in Chapter 2. The reaction velocity has been

found to be sufficient to allow attainment of equilibrium.
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Reactions 3.17 and 3.18 may also be analyzed relative -to
Figure 3.4. Reaction-3.17 is favored by a decrease in' tem-
perature while 3.18 is favored by an increase. As pointed
out in Chapter 2, the'reactioﬁ velocities of these two '
reactions appear to be small; eduilibrium predicéions‘of
the amount of carbon deposited are not observed in practiée.

Reac#ions 3.19 to 3.24 are of great interest to the
desulfu:izaéion process, as the inability to control the
emission of organic sulfur may make the process unsuitable.
Bhatia (1971) studied the catalytic promotion of these reac-
tions to hydrogen sulfide and the subsequent removal of"
the H,S using iron oxide containing "Luxmasse". It was
mentioned in Chapter 2 that the iron oxide sorbents were
found to remove these organic sulfur compounds satisfac-
tdrily. Metal oxides are known to catalyze the organic”
sulfur reactions.
3.2.3. Regeneration Reactions:

Regeneration of spent sorbent may be accomplished
by roasting-the sulfide with oxygen. Some of the reactions

of interest to the regeneration step are listed below.

4Fe5+70, = Fe,04+450, (3.26)"
(4FeS)¥110; = 2Fe)04+850, 3.2
6FeS+450, = 2Fe;0,+55, . (3.28)
3FeS+20) = Fey0,+3/25, - (3.29)
3FeS+502 .= Fe304+3802 : (3.30)

2FeS+SO2

2Fe0+1.5S, ' (3.31)
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The standard free energies, enthalpies and equilibrium
constants for some of the regeneration reactions are- in-

. c¢luded in Table 3.1. I; is to be noted that all the re-
generation reactions are highly exothermic and sensitive
to total pressure. A phase diagram for iron oxides and
sulfur with respect to oxygen prepared by Case (1978) is
‘given in Figure 3.5. This phase diagram may be used to
determine the resulting solid phases during regeneration.
Figure 3.5 indicates that oxygen-starved regenerationtwill
.produce Fe304 and 32 at proper conditions. Reaction 3.26
proceeds to completion (due to the large equilibrium con- |
stants) in excess air. ‘It may be noted from the phase :
diagram that S, vapor cannot coexist with Fe,045. Oxygen-
limited regeneration results in the reaction of FeS with
S0, according to.reaction.3.28. According to the thermo-
dynamic investigations of Case (1978), the maximum possible
S, yield is 15-207 regardless of temperature; the S, yield
.increases from.4.7Z-of,the total sulfur gases at 1000°K to
a value of 107 at 1200°K. Obviously, the production of
elemental sulfur is desirable. Regeneration with steam.
repérted by Ganguly and Banerjee (1973) deserves consi- -
deration. ‘They reacted pyrite with steam to produce ele-
mental sulfur at temperatures of 1173-1373°K. It.was
suggested that FeS2 converted to FeS with further release
of - sulfur from the latter.. The unfavorable equilibrium

restrictions were overcome by maintaining a high mole ratio
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of steam to sulfur vapor. In this process, the yields of
elemental sulfur and sulfur evolved as hydrogen sulfide
and suifur dioxide were, respectively 84.5 and 13.77 of
total sulfur at 1273°K. The calcine contained ferrous
oxide, ferroferric oxide, silica and 1.37 sulfur.

Since it was established in Section 3.2.2 that
pyrrhotite is the only sulfide phase of interest during
desulfurization, regeneration'of FeSz is not considefed

here.

3.3 Review of Kinetic Studies
3:3.1. Desulfuriiation:

In spite of-theAfact that iron oxide has been used
for HZS*purificatibﬂiSince 1849, no quantitative kinetic
déta<ﬁas been reporﬁed forAtﬁe highQCemperature reaction
of st-witﬁ iron oxides éfior to 1970. Westmoreland et
al. (1977) reported comparative kinetics of high-temper-
ature reaction between H5S and qxidés of Mn, Ca, Zn and
..V over the :ange.573f1073°K5R'A11 reactions were found to
be first order with respect to H,S and obeyed tﬁemArrhenius
equation. The feiatiye magnitude of reaction rates deter-
mined Qas MnO>Cal % ZnO>V203. Activation energies of
5690-8834 cal/mole were found.

. Brandon (1973) evaluated the kinetics cf the de-
sulfurization reaction for iron oxide. He correlated his
data according to the rate expression: R_ = -kVCA'SSQS

]

where C, and Cg refer to the HyS and iron oxide concen-
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_trations reépectively., The following values of kV were

reported.
- Temperature : Ky
(°C) ' moles H,S
“ liter-min
623 | 25.4
673 50.7
723 - 77.7

773 55.0

It is to be noted that the units of k  are not consistent
with the rate expression used; ho explanation is found in
the work for this apparent discrepancy. Brandon explained
the decrease of the rate constant as due to structural
changes within the solid. No activation energy was re-
ported. Since the activation energy is indeﬁendent of

the units used fbf the rate éonstant, a value may be ob-
tained for the range 623-723°K as follows:

25.4

In 55

| =

Therefore, E = 9972 cal/mole.
Unfortunately, Brandon studied the reaction in the agsence
of CO.and Hy, the reducing gases normally present in low-
BTU producer gas; hydrogen sulfide in nitrogen streamé
were used for the studies. The effect of the absénce of
reducing gases on Fe203-H25 kinetics is not known.

Gavrilova (1972) studied the HyS removal reaction

with iron oxide containing ore using thermogravimetric ap-
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paratue.. Dry fuel gas streams with about 0.42-1.0Z:H23
were reacted with iron oxide particles of 0.5 to 1.0 mm.
diameter. No dependence of reaction rate with linear velo-
city was found in the temperature range 628-783°K and
linear velocities eround 3.4 m/sec. Reaction was found
to be first order with respect to H2S concentration when
the concentration was varied from 0.3 to l.OZ“at 773°K.
The kinetic data were correlated using the foilowing ex-
- pressions
y' =Kt for 628-783°K

y =Kt for 873-1073°K
where y is the thickness of the sulfided layer -in mm., t
the time and KO, Kl:the rate constants. An activation
energy of 11,800 cal/mole was obtained for the temperature
range 628-783°K. In the higher temperature range of
873-1073°K, the activation energy was 1800 cal/mole.in—
dicating external mass tranSfer control. The linear
velocity was 0.53 m/sec for the higher temperature range
experiments.

The APCI packed bed date ((Joshi and Leuenberger
f(1977)) previously discussed in Section 2.2.3.3 was cor-
related to obtain kinetic expressions useful for scaleup.
The reglme of control was found to change from kinetic
to diffusional as the solid was converted A semi-empiri-_
"cal model was proposed to predict the breakth*ough curves.

" The follow1ng rate parameters were obtalned
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Activation energy, E = 7771 cal/ g mole
7

Arrhenius frequency factor, A = 4.52 x 10
3

cm L
(min) (g mole Fe,0,)

The rate equation proposed was,

-R, = A e_E/RTIfy
where, ; |
-R, = rate of consumption of Hy8,4((g mole)/ " .
' : %cm pellet) (min))
I = gorbent Fe,05 concentration (g moles/ |

em’ solid)
£ = gas molar demsity ( g mole/emd)

y = H,S mole fraction in gas‘phase of porous
' pellet = v~

T

temperature (°K)

R = gas'cuustant cal/(g mdle-°&)

Schrodt (19?8)4developed kinetic models baséa on:’
the packed bed studies using coal ash reported in Section:
2.2.3.4. As in the case of the APCI studies it was found:
that the regime of control shifted from kinetic to pore” -
diffusion as the solid converted. The solid conversion at
which this change occured was determined to be approximately
10.8. For the kinetic regime, the following kinetic fac-
tors were evaluated:

Activation energy, E = 2740 cal/g mole

Arrhenius frequency factor, A = 6.74x106

cm3/g mol-min
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The rate equation is the same as the one given previously
for APCI study. Pore diffusivities were observed to be of
magnitude 1071 to 10~ %cn?/hr.

\Hésatani aﬁd Weﬁ (1977) studied the reactivity of
iron oxide sorbents (ﬁelletized composition of 45 wtZ
Fe,04 and 557 silica) in a hot‘simulated low-BTU gas con-
taining H,S at temperatures between 873-1173°K using a.
thermogravimetric analyzer. The iron oxide was first re-
ducéd in!separate reduction runs by reacting with H, and
CO; the reduced sorbent was then sulfided in é low-BTU
gas stream. A 1imit¢d number of runs were also conducted
involving simultaneous reduction-sulfuriz&tion,and direct
reactioﬁjof H,S with.iron oxide in the absence of reducing
gases. Iron oxide reduction experiments revealed that
(1) a spongy metal iron formed as a result of reduction;
(2). intrinsic chehical reaction rate controlled reduction
raté of pellets smaller than 0.2 mm (activation energy of:
12:3 kcal/mole); (3) diffusion became increasingly impor-
taﬁt as particle size increased beyond 0.2mm. Sulfuriza-
tion results revealed that (1) the reaction was first or-
der with respect to H,S; (2) the sulfurization rate ex-
hibited the same trends as seen for reduction; (3) the
activation energy was 2.65 kcal/mole. It was suggested
that sulfurization and iron oxide.reduction occured si-
multaneously during the first period of the reaction. It

was found that a spongy metal iron formed as a result of
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the reduction reaction was found to be more reactive with
HoS than iron.oxide itself. The~chemiéa1 composition of - ..
the final sulfurized iron oxide at equilibrium was deter-
mined to.be close to Fesl[l' The presence of water- vapor
was found to .have no effect on the sulfurization rate. The
direct 'sulfurization of iron oxide pellets with (H,S+Nj,) -
gas containing no reducing gases appeared slower iﬁ com-
parison with the situation when .reducing gases were present.’
It was also concluded that the ‘weight change curve of-the;
simultaneéus reduction-sulfurization reactions could be .-
derived by simply adding the two .curves obtained from that - .-
of the separate -reduction and sulfurization. Unfortunately,
Hasatani & Wen seem to have drawn this conclusion from tests.
conducted at over 1100°K. Recalling here the work of.Gav-
rilova (1972) that was discussed earlier, it is interesting -
to note that he reported activation energies of 11800cal/
mole for the temperature range 628-783°K and 1800 cal/
mole for the range 873-1073°K. On the other hand, Hasatani..

and Wen conducted all their studies above a temperafure
of 873°K. Since Gavrilova reported that mass transfer was:,.-
controlling in the range 873-1073°K, it raises the question
whether Hasatani and Wen were not entirely in the transport
controlled regime.

' Korobeinichev (1967) studied the mechanism of the . -

reactions of H,S and COS with Fe203 taking place during

the removal of éulfur compounds from fuel gaseé using the
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calorimetric method. The solid, iron oxide containing' =
material was -either bauxite or pure Fe,05. At 423-623°K
the only .solid reaction products of the interaction between
Fe,04 and H,S were FeS and FeS,. The reaction-rate and the
product composition were found to depend on the degree.of
solid phase conversion. With the increase of conversion,
the ratio between Hziand H,0. in the reaction products-
first increased and then decreased. The reaction was
found to take placevat temperatures above 593°K only. 1In
the presence of H,S,.the reaction between COS and bauxite
was strongly accelerated; this was not the case in the-
reaction of COS with pure Fe,0,5. The reaction of COS
with bauxite in the presence of H,S was found to be zero
order .in COS and first order in H,S. The mechanism was
explained as follows: a slow reaction‘1/3Fe203+HZS =
1/3FeS,+1/3FeS+H,0 and a fast reaction catalyzed by tﬁe
Al,05 in the bauxite, COS+H,0 = H,S+C0,, which regen-
erated the H,S. In Chapter 2, it was mentioned while dis-
cussing the Appleby-Frodingham process .that Reeve (1958)
suggested that iron oxide catalyzed the conversion of or-
ganic sulfur to st; however, the work of Korcobeinichev
(1967) discussed above contradicts this fiﬁdiﬁg. This
apparent disagreement may be eiplained as follows: The
catalytic effect observed by Reeve might have really been
due to the oxides other than Fe,04 that were present in the

iron ore he used. Also, Reeve did not make a systematic
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study on this subject.
3.3.2 Regeneration:

The kinetics of the roasting reaction of ferrous
sulfide by air was studied by Niwa et al. (1957) by means.
of the .spring balance and X-ray diffraction analysis over'.
the temperature range 773 to 973°K. At.the initial
stage of oxidation no evolution of S0, was found. This was
interpreted as fullows: iron ion reacted with oxygen by -
migrating from the interior of ?eS crystal to the surface -
until the deficiency of iron attained a limiting value... ...
Above 600°C the rate of oxidation did.not change with tem-
perature; gas phase diffusion was found to be the rate-.. .-
determining factor.

Shakhtahtinskii (1974) has reported the formal
kinetics of the fluidized bed roasting.of ferrous sulfide.-
The reaction was carried out at 733-1093°K in air. At ...
iO93°K, 937 of the sulfur was removed in 60 sec. The
roasting process was a first order reaction which was
kinetic below 808°K, translational from 808-959°K, and
diffusional above 959°K, with 'activation energies respec- -
tively of 60.55, 14.99 and 3.2 kcal/mole. Kineties of
the oxidation of FeS were also reported by Calistru et
al. (1965). Study of the reaction of water vapor with iron
sulfide at high temperatures were reported by Montilo
et al. (1975).

Vanyukov (1973) used differential thermal analysis
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to study the oxidation kinetics of ferrous gulfide. De- .

. fects in ferrous sulfide were found to markedly affect
their oxidation kinetics. As observed by Niwa (1957), the
~oxidatiqn.of FeS .and Fe; g45 was found to proceed with an.
. induction period (no S0, evolved).. The effective acci-
-vation energies found were 91.1 kcal/mole for FeS and
4.41 keal/mole for Fey gsS.

Wen et al. (1978) studied the reaction of S0; with
ferrous -sulfide in a thermogravimetric analyzer. The
-initial rate of reaction was found to be first order with-
respect to the cﬁncentration oftsulfuf'dioxide in the
gaseous phase. Apparent activation energy of 6660 cal/
~mole was. obtained. It was felt thét intrapartic1e~dif--.
. fusion might play an important role in the rate control-
ling step.

For the packed bed air regeneration of sulfided
‘.coal ash, Schrodt (1978) reported the following rate con-.
stant:

k = 1.10x107exp(e799/RT)

‘The units are the same as for desulfurization.

Joshi and Leuenberger (1977) report the following
rate parameters for the regeneration reaction with air
and sfeam obtained from the APCI studies:

k = 4.33x108

exp(-15542/RT)
~units being the same as for the desulfurization rate con-
-stant. For regeneration, oxygen should be used instead of

HoS while defining concentrations.



" CHAPTER &4
EQUIPMENT AND OPERATING PROCEDURES

4.1"Deseription oflExperimental Setup

Figure 4.1 is a sketch of the equipment andaFigure
4.2 is a picture of the experimental setup:w'

Pure gases from cylinders were used to obtain the
simulated low-BTU gas used for the experiments, Fach gas
cylinder'wes equipped with a pressure regulator in order’
to obtain steady gas flows. Prior to mixing, the gases
passed through individual rotameters The mixed low-BTU
gas passed through a callbrated rotameter(S)'before en-
tering the reactor. This rotameter (w1th'Matheson 602
tube) was used to monitor the actual volumetric gas flow
into the reactor. Calibration curve for this rotameter
is given in Appendix H. Where necessary. the gas lines '
were heat-traced to keep the gas streams above the dew
point of water vapor. Water vapor could be added to the
inietfreactor fluid stream using the. vapor generator
shown in Figure 4.1. Nitrogen was bubbled through the
heated water in the vapor generator to obtain ‘a water wvapor-
saturated nitrogen stream. Water <ns1:XMLFault xmlns:ns1="http://cxf.apache.org/bindings/xformat"><ns1:faultstring xmlns:ns1="http://cxf.apache.org/bindings/xformat">java.lang.OutOfMemoryError: Java heap space</ns1:faultstring></ns1:XMLFault>