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ABSTRACT 

Contract No. DEAC01-78ET10159 (Formerly ET-78-C-01-3117) between UOPISDC and 

t h e  Uni ted States Department o f  Energy (DOE) requ i res  UOPISDC t o  provide speci- 

f i c  engineer ing and t e c h n i c a l  serv ices t o  t h e  DOE D i v i s i o n  o f  F o s s i l  Fuel Pro- 

cessing i n  support o f  t h e  Coal G a s i f i c a t i o n  Program. Th is  repo r t  covers a  pre- 

l i m i n a r y  conceptual design and economic eva luat ion  o f  a  commercial scale p lan t  

capable o f  conver t ing  h igh -su l fu r  bi tuminous caki  ng coal t o  a  high-Btu p i p e l i n e  

q u a l i t y  SNG. The p lan t ,  which has a  r a t e d  capac i ty  o f  250 B i l  l i o n  Btu per day 

SNG, i s  based on C i t i e s  Service/Rockwell h y d r o g a s i f i c a t i o n  techno1 ogy. 

Two cases o f  p l a n t  design were examined t o  produce cost  estimates accurate t o  

+ 25% i n  1979 do l l a rs .  The base case, designed f o r  moderate product ion o f  - 
l i q u i d s  (5.8% conversion of carbon t o  l i q u i d  product) ,  has a  cos t  o f  SNG o f  

$4.43/MMBtu using t h e  u t i l i t y  f i nanc ing  method (UFM)(l) and f6.4ZIMMBtu using 

t h e  discounted cash f l o w  method (DCFM) (2) of f inancing.  The a l t e r n a t e  case, 

zero l i q u i d s  product ion, has gas cos ts  o f  $5.00 (UFM) and $6.96 (DCFM). 

Fu r the r  t e s t s  by Rockwell have ind i ca ted  t h a t  11.4% carbon conversion t o  l i q u i d  

products (99% benzene) i s  possible. I f  t h e  p lan t  i s  scaled up t o  produce t h e  

same amount o f  SNG w i t h  t h i s  increased y i e l d  o f  1  i q u i d ,  and i f  t h e  value o f  t h e  
. . ';.. ,' benzene produced i s  est imated t o  be $0.90 per g a l l o n ,  t h e  cos ts  o f  gas f o r  t h i s  ., 

case are  $4.38/MMBtu (UFM) and $6.48/MMBtu (DCFM) (3). I f  t h e  value of benzene 

i s  taken as $2.00 per ga l lon ,  these cos ts  become $3.14/MMBtu (UFM) and $5.23/ 

MMBtu (DCFM). 

- -  

(1) Cap i ta l  s t r u c t u r e  assumes 75% debt a t  9%, 25% equ i t y  a t  15%. Taxes are  

assumed t o  be 48% Federal income taxes and 15% proper ty  taxes. 

(2) Cap i ta l  s t r u c t u r e  assumes debt f i n a n c i  ng o f  l and  and working c a p i t a l  only, 

a t  9%, equ i t y  f i nanc ing  o f  remainder a t  12%. Taxes are  assumed t o  be 48% 

Federal and 4% s t a t e  and l o c a l  income taxes, 15% proper ty  taxes. 

(3) Reasons f o r  t h i s  apparent discrepancy are  analyzed i n  Appendix D of t h e  t e x t .  

i 
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SECTION 1 - INTRODUCTION 

Flash hydropyrolysis i s  r ap id  hydrogenation o f  coal achieved by b r ing ing  the  

reactants, coal and hydrogen, together f o r  a very short per iod o f  t ime under 

h igh temperature and pressure conditions. To be commercially useful , the  

method selected must be capable o f  processing large amounts of mater ia l .  It 

appears t ha t  a1 1 these requirements - short  contact times, la rge  mass fluxes, 

and h igh  temperatures and pressures - can be met by adaptat ion o f  the aerospace 

techno1 ogy o f  rocket nozzles. S ign i f i can t  work i n  t h i  s d i r ec t  i on  was o r i g i na l  l y  

performed by C i t i e s  Service O i l  Company and Rocketdyne, which l a t e r  evolved i n t o  

Rockwell 's Energy Systems Group. The process has been demonstrated a t  a very 

small scale (3/4 t o n  per hour) f o r  a run o f  45 minutes, and massive experimenta- 

t i o n  has been conducted t o  evaluate a1 l the  c r i t e r i a  i nvol ved f o r  scale-up t o  

cmmerci a1 s i ze  equi pment . 
During A p r i l  1979, t h e  U.S. Department o f  Energy (DOE) engaged UOP/SDC t o  

examine the  C i t i e s  Service/Rockwel 1 (CS/R) hydrogasif i c a t  ion process and t o  

prepare a prel iminary conceptual design o f  a commercial p lant  producing 250 

b i l l i o n  Btu per day p ipe l ine  q u a l i t y  h igh Btu subs t i tu te  natural  gas (SNG) 
from h igh l y  caking bituminous coal. The l eve l  o f  e f f o r t  was t o  be t o  the  ex- 

t en t  necessary t o  prepare an approximate (2 25%) factored cost estimate and 

t o  ca lcu la te  the  gas cost ($/MMBtu) fo r  a twenty-year p lan t  l i f e .  The gas 

costs were t o  be calculated by using both t he  u t i l i t y  f inancing method and the 

conventional DCF approach. 

The Energy Systems Group o f  Rockwell In te rna t iona l ,  i n  a p r i va te  communication 

(Appendix A),  furnrshed UOP/SDC w i th  hydrogas i f ica t ion reactor  mater ia l  balances 

f o r  two cases using P i t tsburgh Seam No. 8, an Eastern Bituminous coal. The 

case w i th  a moderate l i q u i d s  production was selected as the  BASE CASE i n  the  

UOP/SDC design e f f o r t ,  and t h e  case w i t h  t o t a l  hydrogasif  i c a t  i on  was selected 

as t h e  ZERO LIQUIDS CASE. Various reactor  condi t ions f o r  the two cases are 

defined i n  Table. 1.1. 



Table 1 .I Reactor Condit ions f o r  Case Studies ) 

Hydrogen I n l e t  Temperature, OF 

Oxygen I n l e t  Temperature, OF 

Coal I n l e t  Temperature, OF 

Reactor Out1 e t  Temperature, OF 

Reactor Pressure, ps ig  

Res i dence T i  me, m i  1 1 i seconds 

Hydrogen Feed Rate, 1 b Hz11 b(MF)coal 

Oxygen Feed Rate, 1 b 0211 b H2 

Overa l l  Carbon Conversion, X 

Base - 
Case - 

Zero - 
Liquids  Case 



Fur ther  t e s t s  by Rockwell have achieved carbon t o  l i q u i d  y i e l d s  of 11.4%. 

Appendix C contains t h e  i n i t i a l  comnunication from Rockwell. Appendix D gives 

t h e  r e s u l t s  obtained by scal ing up t h e  base case t o  produce 250 b i l l i o n  Btu per  

day SNG under t h e  high y i e l d  condit ions. 



SECTION 2 - SUMMARY 

2.1 PLANT S I Z E  AND ECONOMIC BASIS 

A conceptual design has been made o f  a commercial p lan t  capable o f  producing 

250 b i l l  ion  Btu per day, based on C i t i e s  Service/Rockwel 1 (CS/R) hydrogasi f i -  

ca t i on  technology. The purpose o f  t h i s  design i s  t o  evaluate del ivered cost 

o f  p i pe l i ne  q u a l i t y  SNG us i  ng bituminous coal as raw material.  The design 

includes a comprehensive "grass roots"  f a c i l i t y  contain ing i t s  own u t i l i t i e s ,  

hydrogen production, wastes treatment, storage, and t ranspor ta t ion w i t h i n  the 

ba t te ry  l i m i t s .  Such other elements as housing, recreat ional  f a c i l i t i e s  f o r  

employees, etc. , are not included. 

The ,economics have been evaluated i n  constant 1979 do l la rs  f o r  two d i f f e r e n t  

cases o f  f inanc ing and two d i f f e r e n t  cases o f  process var iat ions.  The two 
f inancing modes are: (1 )  U t i l i t y  Financing w i th  0.75 debt f rac t ion ,  9% i n t e r e s t  

on debt, and 15% ROE; (2)  Equi ty  Financing without t ax  exemptions and 12% r a t e  

of return. The process var ia t ions studied are: (1) base case w i t h  moderate 

quan t i t i e s  of 1 iquids accompanyi ng the  product; and ( 2 ) .  product gas w i th  zero 

l i q u i d s  accompanying it. A va r i a t i on  based on high y i e l d  o f  carbon t o  l i q u i d  

i s  analyzed i n  Appendix D. 

2.2 RESULTS 

Deta i l s  o f  the studies made and t h e i r  r e s u l t s  are given i n  subsequent sections; 

the summary o f  those resu l t s  i s  presented below. 

2.2.1 Plant  Investment 

The t o t a l  p lan t  investment amounts t o  $1.267 b i l l i o n  f o r  the  base case and 

$1.268 b i l l i o n  f o r  t h e  zero 1 iqu ids  case. The t o t a l  cap i t a l  requirements(l  ) 
a re  $1.379 b i l l i o n  and $1 -384 b i l l i o n ,  respectively. 

(1)  The values stated here do not inc lude a1 lowance f o r  funds used dur ing 

construct  ion. 



2.2.2 Gas Cost 

The r e s u l t i n g  gas cos t  f o r  t h e  base case, us ing $1.00 pe r  MMBtu as t h e  raw 

mate r ia l  cost ,  i s  $4.43 per MMBtu w i t h  U t i l i t y  Financing and $6.42/MMBtu w i t h  

discounted cash f l o w  method. S i m i l a r  costs f o r  t h e  zero l i q u i d  case are  $5.00 

and $6.96, respect ive ly .  Comparison of t h e  two cases ind i ca tes  t h a t  t h e  case 

w i t h  benzene product ion i s  more a t t r a c t i v e  than  t h e  case w i t h  zero l i q u i d  pro- 

duct ion. 

A se r ies  o f  s e n s i t i v i t y  analyses were performed on t h e  cos t  o f  gas by vary ing 

t h e  coal  cost,  r a t e  o f  re turn ,  c a p i t a l  requirement, coal requirement and ben- 

zene value. The r e s u l t s  o f  these analyses a re  sumnarized i n  sec t ion  6.4.3. 

A comparison o f  cos ts  o f  t h e  CS/R and Lu rg i  processes f o r  producing SNG i s  
g iven i n  Table 2.1. It appears t h a t  t h e  CS/R process i s  a t  l e a s t  compet i t i ve  

w i t h  t h e  L u r g i  w i t h i n  t h e  accuracy o f  t h e  est imates (+25%). - When c r e d i t  i s  

taken f o r  sa le  o f  byproduct l i q u i d s  (CSIR Base Case), t h e  cos t  o f  product SNG 

a t  $4.43/MMBtu i s  c l e a r l y  b e t t e r  than t h a t  f o r  Lu rg i  a t  $5.16/MMBtu. 

2.3 AREAS FOR IMPROVEMENT 

The scope o f  work f o r  t h i s  economic eva lua t ion  d i d  not a1 low f o r  op t im iza t i on  

o f  t h e  CS/R hyd rogas i f i ca t i on  process. The f o l l o w i n g  improvements cou ld  s i g n i -  

f i c a n t l y  reduce t h e  c a p i t a l  investment. 

Reducing t h e  hydrogen t o  coal  r a t i o  from 0.36 I b / l  b, as used i n  t h i s  study, t o  
about 0.25 would prov ide  a reduct ion  i n  t h e  cos t  o f  t h e  hydrogen product ion  

u n i t .  Th i s  reduct ion  i n  hydrogen consumption might a1 so reduce t h e  number o f  

hydrogen product i o n  t r a i  ns needed. Higher pressure (about 1200 p s i g  as compared 

t o  present operat ion a t  550 ps ig )  operat ion o f  Texaco g a s i f i e r  should a l so  re -  

duce t h e  nunbcr o f  hydrogen product i o n  t r a i  ns . 



Replacement of the  Texaco gas i f i e r  by a c lose ly  coupled, dry-char oxygasi f ier  

f o r  hydrogen production would reduce the  investment and operating costs by 

e l im ina t ing  t h e  char letdown and s l u r r y  feed systems. Possible use of the 

She1 1-Koppers gas i f i ca t i on  process f o r  t h i s  app l i ca t ion  could be investigated. 

Reduci ng t he  hydrogen p u r i t y  requi  rement woul d f u r t h e r  reduce t he  hydrogen 

production u n i t  cap i ta l  investment. This modi f ica t ion would also r e s u l t  i n  a 

modest reduct i on  o f  wdrogen removal u n i t  cost. 

Optimization o f  l i q u i d  production should be continued. For t h i s  study, t h e  

market value o f  raw benzene by-product i s  taken t o  be $0.90/gallon as transpor- 

t a t i o n  fuel .  Chemical grade benzene has a cur rent  market value i n  excess o f  

$1.55/gal lon. The higher value, however, i s considered unreal i s t i c  f o r  t h i s  

p ro jec t  because o f  uncertai n t  i es about the  extent o f  upgradi ng necessary and 

t he  s ize o f  the  chemical benzene market. 

One other area o f  po ten t ia l  savings would be t he  use o f  a low-temperature, 

su l fur  res is tan t  s h i f t  ca ta lys t ,  which i s  present ly under devel opment. The 

use o f  such a ca ta lys t  would e l iminate  one heating cyc le  p r i o r  t o  s h i f t  and 

thereby r e s u l t  i n  lower operating cost. 



8 Table 2.1 Gas Cost Comparison f o r  Two High Btu SNG Processes 
(Capacity: 250 B i l l i o n  Btu per day SNG) 

CS/R ~ y d r o g a s i  f i c a t  i on Process 

ZERO LIQUIDS CASE BASE CASE LURGI  PROCESS(^),(^) 

Total  Plant Investment, $ M M ( ~ )  1,268.4 

Worki ng Capital ' , $MM 39.3 

Tota l  s ta r t -up  Cost, SMM(~) 73.1 

Allowance f o r  funds used 214.1 
dur ing construct ion,  $ M M ( ~ )  

Total Capital Requirement, $MM 1,594.9 

Coal Required (ST/D) 18,573.0 

Overal l  Thermal E f f i c i ency  57.01 
(Per Cent) 

Cost o f  Gas ($/MMBtu) 5.00 
(U t i l i t y  Financing 

(1) Factored Estimates f o r  Eastern Coal Commercial Concepts, Report FE-2240-31, 
Prepared by C. F. Braun & Co. under ERDA contract  No. EX-76-C-01-2240, 
September 1978. 

(2) Adjusted f o r  second quarter.1979 do l lars .  

(3). Tota l  s ta r t -up  cost includes p lant  s ta r t -up  cost, spare parts,  .paid-up 
roya l t i es ,  i n i t i a l  charge of ca ta lys ts  and chemicals, etc. 

(4) For U t i l i t y  Financi ng Method, the  a1 lowance f o r  funds used dur ing 
construct  i on  i s  calculated as fo l lows : t o t a l  p lan t  investment x average 
spendi ng per iod i n years x 9%. 

(5) U t i l i t y  F inanc i r~g Method w i t h  0.75 debt f rac t ion ,  9% i n t e r e s t  on debt, 
and 15% re tu rn  on equi ty  (ROE). 



SECTION 3 - BASIC ENGINEERING DESIGN DATA 

3.1 OBJECTIVE OF CONCEPTUAL COMERCIAL PLANT DESIGN 

The ob ject ive  o f  the Commercial Plant  design i s  t o  develop a conceptual p lant  

design and t o  determine the cost o f  t h e  gas produced by t h a t  plant. 

3.2 PLANT CAPACITY 

The Commercial Plant  design i s  t o  have a product i on  capacity o f  250 b i  1 l i o n  

Btu per day o f  subs t i tu te  natural  gas. A design ob jec t i ve  o f  330 days/yr 

onstream operat ion f o r  gas production a t  1OOIcapacity was used. To a t t a i n  

t h i s  capacity, the  p lant  i s  t o  con ta in  m u l t i p l e  pa ra l l e l  t r a i n s  i n  the coal 

handling and preparation, gas i f i ca t ion ,  gas p u r i f i c a t i o n ,  hydrogen production, 

and, possibly, wastes treatment and byproduct recovery sections. 

3.3 PRODUCT SPECIFICATIONS 

3.3.1 Market Spec i f ica t ions 

A1 1 energy products and byproduct s are t o  meet present market speci f i ca t i ons  

f o r  t h e  most economical product. 

The product gas i s  t o  be interchangeable w i t h  present p i pe l i ne  natural  gas i n  

accordance w i t h  A.G.A. Research Bul l e t i n  Number 36 e n t i t l e d  "Interchangeabi 1 i  ty  

o f  Other Fuel Gases w i t h  Natural Gases." It must meet the fo l lowing speci f i ca -  

t i ons :  

Del i very Pressure, ps ig  1000 min 

Del i very Temperature, OF 140 max 

Moisture Content, Ib/mm SCF 7 max 

Heat i ng Val ue (HHV) , Btu/SCF 900 min 

Carbon Monoxide, V% 0.1 max 

Hydrogen Sulfide, grad ns/100 SCF 0.25 max 

Tot a1 Sulfur, g ra i  ns/100 SCF 10 max 



The BTX byproduct i s  t o  meet the fo l low ing  spec i f ica t ions : 

Estimated Composition - 100 wt% Benzene 

Potent i a1 Contaminants - HzS, HCN , NH3, To1 uene, Xylene 
Napthalene, Thiophene ( i n  t race  

quan t i t i es )  

Fuel Value (HHV) - 17,991 B tu / lb  (approximate) 

The chemical by-products streams are t o  meet the fo l lowing spec i f i ca t ions  : 

Arnmoni a Su l fu r  

Grade - Ref r igerat ion o r  

Commerci a1 

Estimated Composition - 
ml%. 

NH3 - 99.5, m i  n 

Hz0 - 0.5, max 

Pur i t y ,  dry basis: 99.9 wt% 

Carbon Content: 400 pprn, max 

Ash Content: 100 ppm, max 

Color: b r i g h t  ye1 1 ow . 

3.3.2 Environmental Spec i f ica t ions 

A l l  energy products and byproducts are t o  meet present and projected fu ture  

environmental spec i f i ca t  ions. The Commerci a1 P lant  design i s  t o  inc lude pol 1 u- 

t i o n  abatement and waste treatment f a c i l i t i e s  t o  assure t h a t  a l l  emissions 

(airborne, so l ld ,  and 1 i qu id )  comply w i th  appl icab le  regulat ions. Pol 1 ut i on  

abatement design i s  t o  emphasize water reuse and byproduct recovery. 

3.4 SITE SELECTION CRITERIA 

The fo l low ing  s i t e  se lec t ion c r i t e r i a  are t o  be used f o r  the Commercial Plant  

design. The loca t ion  i s  t o  be mid-continent U.S.A., which i s  defined as Eastern 

Kentucky, Ohio, Pennsylvania, and West V i rg in ia .  

The p lant  s i t e  i s  t o  accommodate a "grass roots"  f a c i l i t y .  

f 



a The s i t e  i s  t o  be an i n l a n d  l o c a t i o n  w i t h  road and r a i l  a c c e s s i b i l i t y .  

a S u f f i c i e n t  water supply f o r  t h e  p lan t  needs i s  t o  be ava i lab le .  

a The s i t e  i s  t o  be r e l a t i v e l y  l e v e l  and d ry  and i s  t o  have a s o i l  load 

bear ing capac i ty  o f  4000 pounds per square foot .  

a The seismic zone o f  t h e  s i t e  i s  t o  be Zone 2 o r  below. 

3.4.1 C l ima t i c  Condit ions 

The s i t e  c l i m a t i c  cond i t ions  are def ined as fo l l ows  f o r  design purposes: 

Temperatures , OF 

Sumner high, average 

Summer low, average 

S umner , extreme 

Winter  high, average 

Winter  low, average 

W i  n te r ,  extreme 

Design f r o s t  l i n e ,  f e e t  

be1 ow sur face 

W i  nd d i  rec t  i on, normal 

Summer 

Winter  

W i  nd ve loc i t y ,  mi les  per hour 

Sumner , average 

Winter, average 

Peak gust 



Ra in fa l l ,  inches 

Yearly, average 

One month, maximum 

Twenty-four hour, maximum 

Snowfall , inches 

Yearly, average 

One month, maximum 

Twenty-four hour, maximum 

Plant elevation, feet above 

sea l eve l  

Normal atmospheric pressure, 
, , 

p s i  a 

Thunderstorms, mean number 

o f  days 

Yearly 

One month 

Worst month(s) 

Sea son 

Fog, mean n u d e r  o f  days 

Yearly 

One month 

Worst month(s) 

Design Temperature, OF 

Dry bu lb  

Wet bulb 

4 6 

8 

June, Ju l y  

A1 1 year 

14 

2 

Jan., Oct., Dec. 



3.5. COAL AND WATER CRITERIA 

The Commerci a1 Plant  design i s  t o  be based on the  fo l low ing  coal propert ies:  

Rank Bituminous 

Proximate analysis, as received, wt% 
Moi s t  ure 

Ash 

V o l a t i l e  matter 

Fixed carbon 

Ul t imate analysis, dry wt% 

Carbon 

Hydrogen 

Ni t rogen 

Su l f u r  

Ash 

O ~ Y  gen 

Heati ng value o f  d ry  coal 

(HHV) , B t u / l  b 

Heat i ng val ue o f  coal as 

received (HHV) , Btu/ l  b 

Size, as received 

Density, lb/CF 

Bulk 

P a r t i c l e  



Hardgrove g r i n d a b i l i t y  index 59 

F u s i b i l i t y  o f  ash i n  reducing atmosphere, OF 

I n i t i a l  deformation 2,020 

Softeni  ng temperature 2,140 
Hemi spherical temperature 2,260 

F l u i d  temperature 2,360 

F u s i b i l i t y  o f  ash i n  ox id i z ing  atmosphere, OF 

I n i  t i a1 d e f o n a t  i o n  2,350 

Softening temperature 2,440 

Hemi spher ical  temperature 2,480 

F l u i d  temperature 2,510 

Form of s u l f u r  as % o f  t o t a l  s u l f u r  

P y r i t i c  35.00 

Su l fa te  2.00 

Organic 63.00 

Tot a1 100.00 

Free swel l i n g  i ndex 2.5 - 3.5 

Ash analysis, wtX 
SiO2 

A1203 
Ti02 

Fe203 
C a0 

MgO 
Na2O 

K20 

p205 

so3 



The Commercial P lant  design i s  t o  be based on the  fo l low ing  raw water propert ies:  

Avg. Max. - 

Tot a1 d i  s sol ved sol i d s  , ppm 

Total hardness, ppm CaC03 

Nonca rbonate hardness, ppm CaC03 

Calcium, dissol  ved, ppm 

Magnesium, dissolved, ppm 

Bicarbonate, ppm 

Carbonate, ppm 

Sul fate,  t o t a l ,  ppm 

Sodium, d i  ssol ved, ppm 

Potassium, dissol  ved, ppm 

Iron,  d i  ssol ved , ppm 

Iron,  t o t a l ,  ppm 

F l  uoride, d i  ssol ved, ppm 

S i l i ca ,  dissolved, ppm 

Chromium, dissolved, ppm 

Chromium, suspended, ppm 

Chromium, t o t a l  , ppm 

Arsenic, suspended, ppm 

Arsenic, t o t a l  , ppm 

Organic nitrogen, ppm 

Phenolics, ppm 

pH 
Temperature, O F  (Range) 

Conductivity, mho 

Turb id i t y  , Jackson t u r b i d i t y  u n i t s  



3.6 PLANT DESIGN BASIS 

The Commercial P lan t  i s  t o  be designed t o  meet t h e  cond i t ions  l i s t e d  below. 

The o n l y  raw mate r ia l s  de l i ve red  t o  t h e  p l a n t  a re  t o  be coal  and untreated raw 

water. Cata lys ts  and chemicals and f u e l  as requ i red  a re  a lso  t o  be supplied. 

Steam i s  t o  be generated o n s i t e  as required. Possib le f u e l s  i nc lude  char, 

coal f i nes ,  raw coal ,  and f u e l  o i l .  A u x i l i a r y  f u e l s  are  t o  be a v a i l a b l e  f o r  

emergency and s t a r t - u p  needs only. Oxygen of 98.5 mole percent p u r i t y  i s  t o  

be produced o n s i t e  as required. The co-product n i t rogen  i s  t o  be used as 

i n e r t  gas wherever p r a c t i c a l  . 
On-site power generat ion i s  t o  be inc luded i n .  t h e  design. 

Coal i s  t o  be received on a f i v e  days per  week and two s h i f t s  ( 7  hours per 

s h i f t )  p e r  day basis. 

Raw water storage f o r  seven days p lan t  supply i s  t o  be provided. 

The storage and hand l ing  f a c i l i t i e s  are t o  meet t h e  f o l l o w i n g  requirements: 

Raw coal l i v e  storage 4 days supply 

Raw coal  dead storage 30 days supply 
Dr ied  coal feed storage 8 hours supply 

B o i l e r  coa l  feed storage 16 hours supply 
Benzene storage 14 days 

Ammonia storage 14 days 

S u l f u r  s torage 45 days s o l i d ,  7 days l i q u i d  

A f r  c o o l i n g  i s  t o  be u t i l i z e d  wherever economically p r a c t i c a l .  



3.6.1 Plant U t i l i t i e s  

The p lant  u t i l i t i e s  are defined below. 

3.6.1.1 Steam Systems 

High pressure maximum 

(Supeheated) normal 

m i  n i mum 

Medium pressure maximum 

(Superheated) normal 

m i  nimum 

Low pressure maximum 

(Saturated) normal 

minimum 

3.6.1.2 Cooli  ng Water System 

. .  . .  
Pressure, p s i  q 

1500 

Temperature, O F  

1000 

900 

Pressure, ps i  q Temperature, O F  

50 8 7 

Return 35 110 

3.6.1 .3 Startup and Emergency Fuel Gas System 

Start -up and emergency f ue l  gas system - 100 ps ig  a t  ambient temperature. 

3.6.1.4 A i r  Systen~s 

P lant  A i r  - 100 ps ig  a t  ambient temperature. 

Instrument A i r  - 60 p s i g  a t  ambient temperature. 



3.6.1.5 E lec t r i ca l  System 

Nominal voltage - 161 KV, 3 phase, 60 Hz. 

Maximum no-load voltage - 165 KV; minimum no-load voltage - 161 KV. 

3-phase short  c i r c u i t  symmetrical con t r ibu t ion  from u t i l i t y  system - 55 MVA. 

Maximum line-to-ground short  c i r c u i t  con t r ibu t ion  from u t i l i t y  system - 
19,300A sym. 

Metering required - both KW and KWH. 

U t i l i z a t i o n  i s  as fo l lows: 

Horsepower Ranqe 

Service From To Voltage Phase Hertz(Hz) 

114 200 460 3 6 0 

Motors 250 4000 4000 3 60 

4500 UP 13,200 3 6 0 

112 HP - 120 1 6 0 
(non- process) 

Instruments 120 1 6 0 

L i gh t i ng  Dist .  1201208 (incand. & emerg.) 
2771480 (MIV & Fluor.) 

Standby power required for  energ iz i  ng 1 i ght i ng and i nst rument s - 480Yl277 

vo l t ,  3 phase, 60 Hz. 

3.6.2 Plant  Equipment 

P lant  equipment designs are t o  be based on the  guidel ines given below. 

3.6.2.1 Pumps 

Pumps conforming t o  API  standard 610 and AVS Standard are acceptable as deter-  

mined by process requirements. 

Cunmon spare f o r  two services i s  permitted. 
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Pump sparing i s t o  be minimized f o r  maximum continuous p lant  operation. Power 

f a i l u r e  i s  a v a l i d  reason f o r  sparing c r i t i c a l  pumps. 

3.6.2.2 Compressors 

The choice between cen t r i fuga l  and rec iprocat ing u n i t s  i s  t o  be determined by 

process performance requirements. 

3.6.3.3 Pressure Vessel s and Bo i le rs  

Pressure vessels are t o  be designed per ASME Section V I I I  - D i v i s i on  I, (1977). 

F i e l d  erect  ion o f  vessels i s  t o  be minimized. 

Bo i lers  are t o  be f i r e d  by the fo l lowing possible fue ls :  char, coal f ines, 

and/or raw coal. 

3.6.3.4 F i red  Heaters 

Ve r t i ca l  f i r i n g  w i th  hor izontal  furnace tube arrangement i s preferred. 

Fuel o i l  i s  t o  be used as the s tar t -up fue l .  

Extended heat t r ans fe r  surface i s  permitted w i th  f i n s  0.05" t h i n  min. x 1" 

h igh  max x 5 per inch  mdX denslty. 

Stack l i n i n g  i s  required t o  achieve a minimum thickness o f  1.5 inches LHV 

re f rac to r y  o r  equivalent. Stack height i s  t o  be a minimum o f  100 feet  above 

grade as determined by d r a f t  and d i  spersion requi rements. 

3.6.3.5 Shel l  and Tube Heat Exchangers 

The preferred s t r a i g h t  tube length  i s  20 feet .  This i s  t o  be 3/4" diameter 

w i t h  14 BWG min f o r  low a l l oy  mater ia ls  (5 C r  - 1/2 Mo and below) and 3/4" 



diameter w i t h  16 BWG min f o r  h igh a1 l o y  mater ia ls (5 C r  - 112 Mo and above). 

Cooling water thermal r e l i e f  devices are t o  be set a t  75 psig. 

3.6.3.6 A i r  Coolers 

A tube length o f  40 feet  i s  preferred. 

A i r  coolers are t o  be designed f o r  the  loca l  s i t e  conditions. 

3.6.3.7 Cooling Towers 

Cooling towers are t o  be designed f o r  the  l oca l  s i t e  conditions. 

3.6.3.8 P i  ping 

Re l i e f  valves handling non-flammable mater ia ls  such as C02, a i r ,  etc., are 

t o  be vented t o  the  atmosphere a t  a minimum o f  10' above any platforms or 
other  structures. 

Re1 i ef val  ves handl i  ng l i g h t  hydrocarbons and any o ther  flammable mater ia ls  

are t o  be vented t o  a closed r e l i e f  system discharging t o  a f l a r e  system. 

Waste streams, such as storm run-o f f  water, o i l y  water, san i tary  water, and 

chemical drains, are t o  be segregated t o  a1 1 ow i ndi vidual treatment f o r  recyc le  

o r  d i  sposal purposes. 

Minimum overhead p ipe clearance i s  t o  be 12' beneath main pipe racks and 7 '  

f o r  personnel head room. The minimum clearance f o r  pipe racks over roadways 

i s  t o  be 22'. 

A l l  p i p i ng  systems are t o  be t l yd ros ta t i ca l l y  tes ted per ANSI B 31.3. 



3.6.3.9 C i v i l  and St ructura l  

Erect ion,  wet and dry operations, and hydrosta t ic  t e s t i n g  are  t o  be considered 

i n  determining load conditions. 

Wind ve loc i t y  used f o r  s t ruc tu ra l  design purposes i s  t o  be as determined by 

the s i t e  conditions. Allowances are t o  be made f o r  the  p o s s i b i l i t y  of  tornados 

o r  v i o l en t  storms. 

Wind pressure and i t s  net coe f f i c i en t  are t o  be as spec i f ied i n  ANSI A 58.1 - 
1972. 

Design l i v e  loads f o r  operating plat forms are t o  be 100 psf; f o r  walkways, 25 

psf ;  and for  roofs, 20 psf. 

Factor  o f  safety against overturning i s  t o  be 1.5 f o r  both erect ion and opera- 

t ion.  The buoyancy e f f ec t  should also be considered. 

Snow load i s  t o  be based on 20 ps f  f o r  the Mid-Continent locat ion.  

Compressive strength o f  concrete f o r  t a b l e  tops, foundations, and wal ls  i s  t o  
be 3000 psi.  

Reinforc ing bars are t o  be per ASTM A 615-72 w i t h  a grade y i e l d  s t ress value 

o f  60,000 psi. 

Anchor b o l t s  are t o  be based on ASTM A-307 w i t h  an a1 lowable stress o f  15,000 

ps i  and a 1/8" corrosion allowance. 

St ructura l  s tee l  i s  t o  be designed per  ASTM Standard A-36. 



3.6.3.10 Instrumentation 

Basic instrument system i s  t o  be mainly e lec t ron ic ,  except t h a t  l o c a l l y  mounted 

con t ro l  l e r s  may be pneumatic. 

F i e l d  i n s t a l l a t i o n  and instrument equipment must comply w i th  the area's e l e c t r i -  

ca l  c l ass i f i ca t i on .  Both i n t r i n s i c a l l y  safe ba r r i e r s  and explosion proof housings 

w i l l  be used as required. 

Future i n s t a l  l a t i o n  o f  a computer f o r  a data logger i s  required; supervisory 

cont ro l  i s contemplated. 

Instrument signal wires are t o  be both overhead and underground, as condi t ions 

permit. 

Instrument i d e n t i f i c a t i o n  and synbols are t o  be per I S A  - S5.1. 

A l l  e lec t ron ic  con t ro l  loops are t o  be panel mounted. 

A1 1 process charge and product streams are t o  be continuously integrated. 

U t i l i t y  f l ow  ra tes are t o  be metered and recorded as process u n i t  t o t a l s .  

3.7 ENVIRONMENTAL CRITERIA 

The Canmercial Plant  design i s  t o  conform t o  a l l  appl icable environmental and 

safe ty  and heal th  regulat ions. These include the  f o l l ow i  ng: 

EPA - Water po l lu t ion ,  a i r  po l l u t i on ,  s o l i d  waste disposal 

FAA - A i r c r a f t  warni ng 

OSHA - Safety, noi se, san i ta ry  



3.8 DESIGN AND CONSTRUCT ION REQUIREMENTS 

The Commercial Plant  design i s  t o  conform w i th  a l l  appl icable regulat ions and 
t he  l a t e s t  e d i t i o n  o f  the  fol lowing: 

A C I  - 
AISC - 

ANSI - 
A P I  - 
AREA - 
ASK - 
A S M  - 
AWS - 
FM - 
IEEE - 
I S A  - 
NEC - 
TEMA - 
UL - 

Concrete Appl ica t ion 

Design, Fabr icat ion,  & Erect ion of St ruc tura l  Steel 
f o r  Bu i l  d i  ng (1969 through October 1975) 

B31.1 (1977) - Piping and Valves Design and Select ion 

Plant Safety and Equipment Design 

Manual f o r  Railway Engineering (Current t o  March 1975) 

Pressure Vessel and Bo i l e r  (1977) 

Materi  a1 s o f  Construct ion 

D 1.1-75 S t ruc tu ra l  We1 d i  ng (1975) 

Factory Mutual Approved Guide (1976) 

National E l e c t r i c  Safety Code (July, 1973) 

Instrument Design Code 

E l e c t r i c a l  Safety Code 

Heat Exchanger Design 

E l e c t r i c  Safety Test i  ng Codes 



SECTION 4 - COMMERCIAL PLANT CONCEPT 

4.1 INTRODUCTION 

I n  f l a s h  hydropyrolysi s o f  coal , pulver ized coal i s  brought i n t o  contact w i t h  

hot hydrogen f o r  a very short  period o f  t i m e .  The contact periods are o f  the 

order o f  mi l l iseconds t o  a few seconds (as compared t o  other hydrogenation 

processes where the react ion times are o f  the order o f  hours). Typ ica l ly ,  

f l a s h  hydropyrolysis condit ions cons is t  o f  temperatures o f  1 500°F t o  2000°F, 

hydrogen p a r t i a l  pressures o f  500 t o  1500 ps i ,  and residence t imes o f  500 t o  

3000 m i l  li seconds. Under these condit ions , t y p i c a l  products formed are methane, 

small amounts o f  benzene, and t races o f  such other compounds as ethane, l i g h t  

o i l s ,  and carbon oxides. The k i n e t i c s  o f  f l a s h  hydropyrolysis i s  not y e t  com- 

p l e t  e l y  understood. Several theor ies,  experiment a1 resu l t s ,  and reviews 

(References 1-8)(1) have been advanced, and work i s  s t i l l  cont inuing on these 

react  ions. 

Based on data furnished by Rockwell In te rna t iona l ,  a conceptual design f o r  a 

commercial hydrogas i f ica t ion plant  t o  produce 250 b i l l i o n  Btu per day o f  SNG 

has been performed as out1 ined below. The de ta i led  requirements the design 

had t o  meet were described i n  Section 3. 

4.2 GENERAL PROCESS DESCRIPTION 

The conceptual process schematic o f  a commerci a1 p lan t  f o r  the Rockwell hydro- 

gas i f i ca t ion  process i s  shown i n  F igure 4-1, and t h e  various un i t s  a re  more 

completely i d e n t i f i e d  i n  Table 4.1. There are th ree  main input  streams (coal,  

a i r ,  and water), a product stream (SNG), and th ree  byproduct streams (benzene, 

su l f u r ,  and ammonia). As mentioned i n  Section 3, t h e  p lan t  w i l l  have mu l t i p l e  

para1 l e l  t r a i n s  t o  achieve t he  desired capacity; t he  descr ip t ion t h a t  fo l lows 

f s  o f  on ly  one t r a i n .  

(1  ) These nuhe rs  r e f e r  t o  References given i n  Section 7. 
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UNIT  NO(^) 

Table 4.1 Names o f  Un i t s  o f  Commercial P lant  
250 B i l l i o n  Btu  per Day SNG (Page 1 o f  2 )  

UNIT NAME 

COAL HANDLING 

Coal Storage and Handling 
Coal Preparat ion 
In te r .  Coal Storage and Transfer  

MAIN PROCESS TRAINS 

Coal Feed System 
Hydrogas i f ica t ion 
Quench and Gas/Liquor Separation 
Aci d Gas Removal (Benf i e l  d) 
Methanation 
Dry i  ng 
Hydrogen Removal 

HYDROGEN PRODUCTION TRAINS 

Oxygen Plant  
CharlCoal Gas i f i e r  (Texaco) 
S h i f t  Converter 
Cool i ng and Compression 
Se lec t ive  Acid Gas Removal (Selexol ) 
Met hanat i on 

BYPRODUCTS RECOVERY 

Ammonia Recovery (USS Phosam) 
Aromatic Recovery 
Sul fur  Recovery ( C l  aus) 

UTILITIES 

Water Treatment: Raw and Potable 
Steam Generation and D i s t r i b u t i o n  
Cooling Water System 
Power Generation and D i s t r i b u t i o n  
A i r  System: Instrument and Plant  
Fuel System 
Sewage System 

1 (1)  Refer  t o  Appendix B f o r  t he  l o g i c  of t he  u n f t  numbering system. 



UNIT NO 

Table 4.1 Names o f  Uni ts  o f  Commercial Plant  
250 B i l l i o n  Btu per Day SNG (Page 2 o f  2)  

UNIT NAME 

WASTE TREATMENT 

Waste Water Treatment 
Ash/Sl udge D i  sposal 
Flue Gas Treatment (Dual A1 k a l i  ) 

Product Storage 
Blowdown and F lare  
Bu i l  dings 
Firewater System 
Storm Water Treatment 
Loadi ng and Unl oadi ng 
S i t e  Preparation 
S i t e  F in ish ing  



The coal i s  t ransfer red from storage t o  the  coal feed ,system, from which i t  i s  

i n j ec ted  i n t o  the reactor  nozzles along w i t h  a  hot hydrogen stream (about 

20000F). A small amount o f  hydrogen i s  burned d i  r e c t l y  w i t h  oxygen t o  provide 

t he  heat required t o  r a i se  the temperature o f  the hydrogen t o  t h i s  f igure.  

The length  o f  the  reactor  sect ion i s  designed t o  provide the necessary residence 

t ime a t  the required mass f lux .  At the  e x i t  o f  the reactor  section, t he  s o l i d  

and gaseous phases are separated i n  a  cyclone. The sol i d  char i s  sent t o  char- 

gas i f i ca t i on  f o r  hydrogen product ion. 

The hot  gases are then quenched and the condensate phase separated i n t o  a  

water l aye r  and a hydrocarbon layer. The water layer,  which contains ammonia 

and hydrogen su l f i de ,  i s  sent t o  sour water treatment; the  hydrocarbon 1 ayer 

i s  processed i n the aromatic recovery u n i t  f o r  BTX fract ions.  

The quenched gas i s  desul fur ized i n  the ac id  gas removal system and methanated 

t o  convert traces o f  carbon monoxide t o  methane. A f t e r  methanation, t he  gas 

i s  dried. This dr ied gas contains a  large percent o f  hydrogen, which i s  sepa- 

rated and recycled t o  the  hydrogasi f ier .  The SNG product i s  then del ivered 

i n t o  t h e  gas pipel ine. 

The hydrogen requi red f o r  the  process i s  produced by gas i fy ing t h e  char and 

some coal  w i th  oxygen and steam i n  an entrained gasi f e r  o f  the Texaco type( l  1. 
The gas from t h e  gas i f i e rs  i s  t rea ted  i n  a  s h i f t  converter t o  enr ich the  hydro- 

gen content, then desul fur ized and methanated so t h a t  the makeup gas contains 

only hydrogen, methane, and some iner ts .  

A de ta i led  descr ip t ion o f  the  main process u n i t s  and t he  many a u x i l i a r y  systems 

shown i n  Figure 4-1 i s  given i n  Section 5. 

(1 ) ~ c o n m i c s  o f  Texaco Gas i f i ca t ion  - Cmbi ned Cycle Systems, 

EPRI Report No. AF-753, A p r i l  1978. 



4.3 OVERALL MATERIAL BALANCE 

The mater ia l  balance around t h e  hydrogas i f ie r  was generated using data .trans- 

m i t ted  by Rockwell In te rna t iona l  (Appendix A). Two cases were speci f ied;  one 

w i t h  no l i q u i d  production and t h e  o ther  w i t h  moderate l i q u i d  production. 

The case w i t h  moderate 1 iquids us i  ng Eastern Bituminous coal (Pi t tsburgh Seam 

No. 8 )  i s  considered t o  be the  base case. Figure 4-2 shows the  conceptualized 

process schematic w i th  t he  p r inc ipa l  mater ia l  streams. These streams are iden- 

t i f i e d  and characterized i n  the mater ia l  balance charts a t  the end o f  t h i s  

sect ion. 
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4.4 OVERALL THERMAL EFFICIENCY (BASE CASE) 

ENERGY INPUT 

Total coal t o  p lant  

Total i nput 

ENERGY OUTPUT 

SNG product 

Benzene 

Su l fu r  

Total output 

HHV - 

13,186 B t u l l b  
(MF Basis) 

BILLION BTUIDAY 

437.36 

Cold gas e f f i c i ency  = 255.58 x 100 = 58.44% 

437.36 

Plant  Thermal Ef f ic iency = 279.37 x 100 = 63.88% 

437.36 

(1) Measured a t  60°F and 14.7 PSIA 

(2) Reference: Sources and Product Economics o f  Chemical Products, 

F i r s t  Ed i t ion  (1973 - 1974), McGraw-Hi1 1 Publication. 
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SECTION 5 - PROCESS DESCRIPTION 

5.1 COAL HANDLING, UNITS 1100, 1200, and 1300 

Coal i s  received as Run o f  Mine coal and t ransfer red t o  storage by an enclosed 

convwor b e l t  system. Large stacker reclaimers are used t o  handle the coal a t  

t he  open storage pi les.  Coal i s  then sampled and conveyed t o  the primary 

crushers. The crushers are Flextooth type t h a t  can handle large lumps up t o  

th ree  i nch es . 
The main m i l  l i n g  operation, o r  secondary s i ze  reduction, i s  accomplished i n  

fou r  la rge  w i  nd-swept b a l l  m i l  1s. Hot f l u e  gas (600°F) sweeps the  f ines  across 

the  m i l l ,  and t h e  heat d r ies  the  coal. About one-half o f  the gas i s  reheated 

and recycled; the  balance i s  sent through a cyclone and bag house. The 200 mesh 

2% moisture coal i s  pneumatically t ransfer red t o  the  storage bins i n  three sepa- 

r a t e  systems. Each pneumatic conveying system i s composed o f  a pu l  verized coal 

feed b i  n, a compressor, and a conveyi ng duct complete w i t h  valves, abrasion 

res i s t an t  elbows, and d i ve r t e r  valves. Nitrogen from the oxygen p lant  i s  ava i l -  

able as a t ransport  gas. 

5.2 MAIN  PROCESS TRAINS 

Each main processing t r a i n  consists o f  a sequence o f  several u n i t s  f o r  coal 
feeding, hydrogas i f ica t ion fol lowed by quench and c o o l i  ng, and then gas t r e a t -  

ment t o  separate the  products from wastes and excess reactants. Three para1 l e l  

t r a i n s  are requ i red f o r  t he  desired capacity. From each o f  these t ra ins ,  the 

products are separated and del ivered, and t he  wastes are sent t o  waste treatment. 

Excess hydrogen i s  recycled t o  the  hydrogasi f i e r .  The fo l low ing  i s  a descrip- 

t i o n  o f  the  various u n i t s  i n  each t r a i n ,  as shown i n  Figure 5.1. 

5.2.1 Coal Feed System, Un i t  2100.OX 

The coal feed system used i n  t h i s  study i s  the  dense-phase system proposed by 

P 
Rockwell International.. Use of t he  dense-phase system minimizes the  amount of 
c o l d  t ranspor t  gas necessary t o  e f f ec t  caal t ransfer .  
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Each hydrogas i f ie r  reactor  i s  fed by a dedicated dense-phase coal feed system 

comprised o f  a p a i r  of pulver ized coal  storage bins, a p a i r  o f  low-pressure 

charge vessels, a high-pressure 1 ockhopper, a high-pressure .coal feeder vessel , 
and a coal  f l o w  s p l i t t e r .  The low-pressure charge vessels are located beneath 

t h e  coal storage bins t o  a1 low f o r  g rav i t y  f l ow  o f  coal '  i n t o  the  charge vessels. 

The high-pressure lockhopper and feeder vessels are located on the same grade 

as the  charge vessels. 

The charge vessels are  pe r i od i ca l l y  loaded w i t h  coal from the  storage b i n  

located above them. They are then pressurized w i th  i n e r t  gas (C02) t o  a pres- 

sure o f  approximately 150 psig. Dur ing a discharge period of about f i v e  minutes, 

t he  coal from the  charge vessels i s  t ransferred,  densephase, t o  the  high-pres- 

sure lockhopper. A cyclone i s  provided on the  high-pressure lockhopper t o  re-  

cover coal t h a t  i s  ca r r ied  out i n  the  gas displaced by the incoming coal charge. 

The high-pressure charge vessel i s  pressurized w i th  recycle hydrogen t o  about 

1200 ps ig  before being discharged t o  the  reactor  feeder vessel. Coal from the 

feeder vessel i s  continuously fed i n t o  the reactor  through a ser ies o f  f l ow 

s p l i t t e r  systems. About four  charges per hour t o  the feeder system are required 

t o  maintain the  required coal f l ow  o f  about 140 T/hr t o  the  hydrogasif ier.  

5.2.2 Hydroqasif icat ion, Un i t  2200.OX 

The hydrogas i f ie r  used i n  t h i s  study i s  based on Rockwell I n t e rna t i ona l ' s  l a t e s t  

concept o f  a 140 T/hr8 commerci a1 scale reactor. 

The overa l l  length  o f  the  reactor  i s  estimated t o  be about 32 ft w i t h  an I.D. 

o f  6 ft. Coal , hydrogen, and a small quan t i t y  o f  oxygen are introduced through 

an i n j e c t i o n  assembly. 

The i n j e c t o r  consists o f  s i x  modules, each module i n  t u r n  cons is t ing o f  a c l us te r  

of s i x  i njec to r  elements. Each i ndi vidual i njec to r  element cons is ts  o f  four  hot 

hydrogen j e t s  impinging on a cent ra l  powdered coal stream. The temperature of 



t he  hydrogen j e t  i s  ra ised t o  i t s  desired value (2000+"F) by preheating t o  

15000F i n  the  recuperator fol lowed by combustion w i th  a l i m i t e d  amount o f  

gaseous oxygen separately in jec ted  i n t o  each element's mixing zone. 

The reactant  gases and unreacted char enter  a recuperator, attached d i r e c t l y  t o  
t he  bottom o f  the  reactor  vessel. The recuperator i s  designed t o  cool the char- 

.laden gas from 1900°F t o  about 730°F whi le preheating the hydrogen stream from 

ambient temperature t o  approximately 1500T. This u n i t  i s  t o  be a mu l t i p l e  con- 

cen t r i c  tube heat exchanger, w i th  reactor  e f  f 1 uent f l  owi ng ver t  i c a l  l y  downward 

ins ide  a bundle o f  pa ra l l e l  tubes and hydrogen f lowing upward i n  t h i n  annuli 

surrounding each o f  the  inner  tubes. Bas ica l ly ,  t h i s  i s  a tube and she1 1 heat 

exchanger; t h e  annuli are used t o  achieve high hydrogen-side heat t r ans fe r  co- 

e f f i c i e n t s  by means o f  h igh bdrogen  veloci ty.  

Unreacted char flows downward and i s  co l lec ted a t  the bottom o f  the  gas i f i e r .  

It i s  removed by a lockhopper and conveyed t o  a char quench drum, where recycle 

water i s  used as the quenching medium. The quenched char-water s l u r r y  i s  f u r -  

t he r  cooled against coo l i  ng water i n  an exchanger. The pressure o f  t h i s  s l u r r y  

i s  then l e t  down i n  stages. A po r t i on  o f  the cooled and depressurized char- 

water s l u r r y  i s  sent t o  char/coal gas i f i ca t ion ,  Uni t  3200.OX, f o r  hydrogen pro- 

duct ion. 

The remaining char/coal s l u r r y  i s  mixed w i th  the  f i nes  s l u r r y  from Quench and 

GasILiquor Separation, Un i t  2300.OX, and sol  i ds  are recovered from the  s l u r r y  

f o r  use as b o i l e r  fue l .  The so l ids  recovery i s  accomplished by centr i fuges. 

The water e f f l uen t  from the  cent r i fuges i s  recycled f o r  char quench. 

Quench and GasILiquor Separation, Un i t  2300.OX 

Raw gas from the  hydrogas i f ica t ion reactor  i s  quenched t o  remove entrained 

sol ids. The raw gas enters the  quench tower a t  1000 ps ig  and 600°F and i s  

contacted by water passing downward through t he  tower. Sol ids removed from 

t h e  gas are co l lec ted a t  the  bottom o f  the  wash tower and removed as a s lur ry .  

I. 
This s l u r r y  i s  pumped t o  separate f i nes  and water; t h e  water i s  sent t o  Sour 



Water S t r ipper  and Ammonia Recovery, Un i t  4100. D ispos i t i on  o f  the  f i nes  was 

described i n  5.2.2. 

The overhead gas from the  wash tower i s  cooled t o  approximately 100°F. The 

condensed o i l  and water are separated from the  quenched gas i n  a separator 

drum. The gas i s  passed on t o  Acid Gas Removal, Un i t  2400.OX, f o r  removal o f  

CO2 and HzS. A po r t ion  of the  sour water i s  pumped back t o  the  wash tower; 

t h e  remainder i s  routed t o  Sour Water S t r ipper  and Ammonia Recovery, Un i t  4100. 

The o i l  phase i s  separated from t h e  water phase and reduced i n  pressure. The 

gases released during pressure letdown are sent t o  Acid Gas Removal , Un i t  

2400.OX. The o i l  phase i s  then passed t o  Aromatic Recovery, Un i t  4200, where 

o i l  and benzene are separated and sent t o  t h e i r  respect ive storage systems. 

Heat i s  recovered from the  quench process i n  the form o f  b o i l e r  feed water 

preheat and 1 ow-pressure steam. 

5.2.4 Acid Gas Removal, Un i t  2400.OX 

Acid gases are removed by u t i l i z i n g  t he  Benf ie ld  Hi-Pure System. The quenched 

gases from Un i t  2300 enter the absorber a t  the bottom. Hot lean potassium 

carbonate (K2CO3) solut ion,  ac t i va ted  w i t h  propr ie tary  agents, i s sprayed from 

t h e  top. As the  quenched gases r i s e  through the column, H2S and CO2 are ab- 

sorbed by the solut ion. The t races o f  COS and HCN are also absorbed. 

P u r i f i e d  gas leaves f r a n  the  top o f  the  column and i s  then sent t o  Methanation, 
Un i t  2500.OX. 

The r i c h  K2CO3 so lu t i on  leaves from the  bottom o f  the  absorber and i s  pumped 

t o  the  top o f  the  regenerator, where C02 and H2S gas are str ipped from the  

solut ion. The ac id  gases are sent t o  Su l f u r  Recovery, Un i t  4300.02, and t he  

regenerated absorbent i s  pumped back t o  the  top o f  the  absorber. 



5.2.5 Methanation, Un i t  2500.OX 

The methanation process i s  a ca ta l y t i c ,  fixed-bed, adiabat ic,  gas recycle 

process. A h i gh l y  ac t i ve  n icke l  ca ta lys t  i s  used t o  e f f ec t  t h e  methanation 

react  ions. React i on  temperatures are  cont ro l  l e d  by recyc l  i ng a po r t i on  of 

cooled product gases. 

This u n i t  converts the carbon oxides i n  the  gas from Acid Gas Removal , Un i t  

2400.OX, i n t o  methane. The feed t o  t h e  methanation u n i t  t y p i c a l l y  cons is ts  o f  

carbon monoxide, hydrogen, and methane. The f o l l  owi ng main react  ion  occurs i n 

t h e  methanator: 

The primary methanation reactors cons is t  o f  three reactors i n  a series-para1 l e l  

arrangement. The feed gases pass through a s u l f u r  guard bed and then s p l i t  so 

t h a t  equal port ions f l ow  t o  each reactor. 

Cooled methanated gas i s  recycled and combined w i th  the fresh feed t o  each 

reactor  f o r  temperature control.  The recycle gas acts  as a heat sink t o  absorb 

t h e  methanation heat o f  react ion and thus l i m i t s  the  temperature r ise .  

A cleanup methanation reactor  i s  used t o  complete the  methanation reactions. 

This reactor  operates a t  a lower temperature than the  primary methanation reac- 

tors .  A po r t i on  o f  the  gas from t h e  t h i r d  primary reac to r  i s  separated, passed 

through a hot recyc le  knockout drum, a cooler ,  and a cool  knockout drum, and 

f i n a l l y  compressed and recycled t o  t he  f i r s t  primary reactor. 

The methanated gas from the  clean-up reac to r  passes through a feed e f f l u e n t  

exchanger, through a hot product knockout drum, and then t o  Product Gas Drying, 

Uni t 2600. OX. 

The methanation u n i t  provides maximum recovery of the methanation heat o f  reac- 

t i o n  by producing 1500 p s i g  steam i n  waste heat boi lers.  



5-2.6 Dryinq, Un i t  2600.OX 

The purpose o f  t h i s  Un i t  i s  t o  dry  the  methanated gas from Un i t  2500.OX before 

en te r i  ng Hydrogen Removal , Uni t  2700.OX. 

The methanated gas i s  cooled t o  100oF. The gas then enters a Tr iethylene 

Glycol .(TEG) absorber, where i t  i s d r i ed  t o  a dew po in t  o f  about 35OF. 

The gas enters the  TEG absorber a t  the  bottom, and TEG so lu t ion  i s  sprayed i n  

a t  the  top. As t he  gas r i s e s  through the column, t h e  water i s  absorbed by the  

TEG, and dry gas leaves the  column from the  top. 

The water-laden TEG so lu t ion  leaves t he  TEG absorber from the bottom and i s  

regenerated by s t r ipp ing  w i t h  steam. The regenerated dry g lyco l  i s  then recycled 

t o  the  absorber. Any losses of TEG are made up by adding f resh glycol .  

5.2.7 Hydrogen Removal, Un i t  2700.OX 

The dry product gas 1 eavi ng Dryi  ng, Un i t  2600.OX, contains a large quant i ty  o f  

hydrogen. This excess hydrogen has t o  be removed from the  product gas before 

i t  i s  sent t o  the  pipel ine.  The most proven method o f  recovering hydrogen i s  

v ia  cryogenic separation. 

A f t e r  precool i  ng, f i n a l  cleanup o f  t races o f  water, hydrogen su l f i de ,  ammonia, 

carbon dioxide, and other freezable compounds i s  provided by molecular sieve 

guard beds. The gas then enters t he  "co ld  box," where the major po r t i on  of 

t h e  methane i s  condensed i n  heat exchange w i th  the  e f f l uen t  product streams. 

The uncondensed hydrogen vapor f r a c t i o n  i s  separated from the  condensed 1 i q u i d  

f rac t ion  and reheated t o  near ambient temperature before being recompressed 

and recycled t o  the  hydrogasif  iers.  The methane-rich 1 i q u i d  stream i s  recovered 

as t he  SNG product stream. A f t e r  pressure letdown t o  s a t i s f y  process re f r i ge ra -  

t l o n  requirements, i t  i s  revaporized and reheated before being compressed t o  

t he  requ i red p i  p e l i  ne pressure. 



5.3 HYDROGEN PRODUCT ION TRAI NS 

A hydrogen production system i s  provided t o  supply the  makeup hydrogen required 

f o r  the  production o f  250 b i l l i o n  Btulday o f  SNG. The system cons is ts  of  three 

paral l e l  oxygen p lants  and s i x  paral  l e l  t r a i n s  o f  char/coal gas i f i e r s  w i t h  

associated downstream un i t s  (gas cleanup, methanat ion, etc. ). A schematic o f  

a process t r a i n  f o r  hydrogen production i s  shown i n  Figure 5.2. 

5.3.1 Oxyqen Plant, Un i t  3100.ON 

The oxygen required f o r  the  product i o n  o f  synthesis gas i n  the char/coal g a s i f i -  

cat ion i s  produced i n  three conventional a i r  separation plants. 

The design product ion  r a t e  o f  each p l an t  i s  approximately 2200 T/D o f  oxygen 

w i th  a minimum p u r i t y  o f  98.5%. High p u r i t y  n i t rogen gas (<100ppm 02) i s  also 

produced. 

Each a i r  separation p lant  consists o f  an i n l e t  a i r  compressor and a cryogenic 

co ld  box, where the  separation o f  a i r  i n t o  oxygen and ni t rogen i s  accomplished. 

The product oxygen leaves the  co ld  box a t  near atmospheric pressure and i s  com- 

pressed t o  the required g a s i f i e r  i n l e t  pressure i n  a mul t is tage cen t r i fuga l  com- 

pressor. 

5.3.2 Char/Coal Gas i f ica t ion,  Un i t  3200.OY 

A por t ion  o f  char from the  hydrogasi f ier  and f resh coal i s  converted i n t o  raw 

synthesfs gas (Hz + CO) by use o f  the  Texaco Coal Gas i f i ca t ion  Process. The 

Texaco g a s i f i e r  i s  a v e r t i c a l  , c y l i  ndr ica l  vessel w i t h  a carbon steel  she1 1. 

The react ion sect ion o f  t h e  gas i f i e r ,  the  e f f l u e n t  gas l i ne ,  and the  s lag 

separator are re f r ac to r y  1 i ned. 

The g a s i f i e r  operates a t  a pressure o f  approximately 550 ps ig  and temperatures 

i n  t he  range o f  23000F. The coal and char are charged t o  t he  g a s i f i e r  as water 

slunry. Oxygen i s  c m b i  ned w i t h  the coal s l u r r y  a t  the  gas i f i e r  burners. 
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The g a s i f i e r  temperature i s  maintained above t he  ash fus ion po in t  t o  ensure 

f r ee  f lowing molten slag. The slag, contain ing most o f  the ash present i n  the 

coal, fa1 1s i n t o  a water quench a t  the  bottom o f  the  gas i f i e r .  

The resu l tan t  ash s l u r r y  i s  withdrawn from the  g a s i f i e r  and sent t o  t he  s lag 

dewateri ng un i t .  

H o t  synthesis gas i s  withdrawn from the  top o f  the  g a s i f i e r  and cooled t o  the 

required s h i f t  un i t  i n l e t  gas temperature i n  a ser ies o f  waste heat recovery 

boi 1 ers t h a t  produces high-pressure steam. 

S h i f t  Converter, Un i t  3300.OY 

The purpose o f  t h i s  u n i t  i s  t o  adjust  the  hydrogen t o  carbon monoxide r a t i o  o f  

the  raw gas from Char/Coal Gasi f icat ion,  Un i t  3200.OY, f o r  downstream processing 

i n  Methanation, Uni t  3600.OY. The adjustment i s  accomplished ca ta l y t  i c a l  l y  by 

the  s h i f t  react ion:  

The s h i f t  conversion i s  exothermic and takes place over a ser ies o f  reac t ion  

steps. The hot, s h i f t e d  gas from the  f i n a l  react ion step i s  cooled t o  a tempera- 

t u r e  o f  about 8800F i n  heat exchange w i t h  incaning feed gas. About 95% o f  CO 

i s  s h i f t e d  t o  Wdrogen i n  t h i s  un i t .  

5.3.4 Cool i ng and Compression, Un i t  3400.OY 

Before en te r ing  the  ac id  gas removal un i t ,  the  hot  gas from the s h i f t  converter 

u n i t  i s  cooled t o  near ambient temperature and compressed t o  about 1200 psig. 

Gas coo l ing  i s  accomplished i n  a waste heat recovery b o i l e r  generating low-pres- 

sure steam fol lowed by t r i m  cooling. The sour water condensed dur ing the  coo l ing 

I s  sent t o  Sour Water S t r ipper  and Ammonia Recovery, Un i t  4100. The cooled gas 

stream i s  compressed, i n  two stages, t o  about 1200 ps ig  i n  a cen t r i fuga l  machine 

w i th  i ntercoo l i  ng. The compressed gas i s  t ransfer red t o  Select ive Acid Gas 

P Removal , Un i t  3500. OY . 
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5.3.5 Select ive Acid Gas 'Removal, Un i t  3500.OY 

This u n i t  removes carbon dioxide and hydrogen s u l f i d e  from t h e  gas. The pro- 

cess uses Selexol solvent  (dimethyl ether o f  polyethylene g l yco l )  t o  remove 

H2S and CO2 from the  sour gas by physical absorption. 

The compressed gas from Un i t  3400.OY enters t he  hydrogen s u l f i d e  absorber, 

where H2S i s  se lec t i ve l y  removed i n  a regenerative process. The C02 absorption 

i s  suppressed t o  produce a s u f f i c i e n t l y  s u l f u r  r i c h  gas, a t  l eas t  25% H2S, t o  

be sent t o  Su l f u r  Recovery, Un i t  4300.02. The gas leav ing the H2S removal sec- 

t i o n  passes t o  the CO2 removal section, where H2S concentrat ion i s  f u r t h e r  re-  

duced. I n  the  C02 absorber, t h e  gas i s  contacted w i th  the sol vent a t  lower 

temperatures f o r  removal o f  C02. The f lashed gases from the r i c h  solvent are 

recycled t o  minimize the  methane losses. The s t r i pp ing  i s  done w i t h  nitrogen. 

The C02 goes e i t h e r  t o  the plant  i n e r t  gas system o r  t o  the atmosphere. The 

t reated gas, which contains less  than 4 ppm H2S, i s  passed on t o  Methanation, 

Un i t  3600.OY. 

5.3.6 Methanation, Un i t  3600.OY 

The feed t o  the methanation u n i t  consists of carbon monoxide, hydrogen, and 

methane. This u n i t  converts the carbon oxides i n t o  methane. The type of  

ca ta l ys t  and process conf igurat ion o f  the  u n i t  are q u i t e  s im i l a r  t o  those 

described i n  sect ion 5.2.5. 

The e f f l uen t  gas from t h i s  u n i t  i s  essen t i a l l y  makeup hydrogen o f  about 96% 

pur i ty .  

5.4 BYPRODUCTS RECOVERY, UNITS 4100, 4200 and 4300.02. 

The byproducts produced by the Rockwell hydrogasif i c a t  i on  process are elemental 

su l fu r ,  a m n i a ,  and benzene. 



The hydrogen su l f i de - r i ch  gases from Acid Gas Removal Units, 2400.OX and 3500.OY, 

are p a r t i a l l y  burned w i th  a i r  t o  provide feed stock f o r  Su l f u r  Recovery, Uni t  
4300.02. This u n i t  uses the  Claus process t o  produce elemental su l fur  and 

recover heat i n  the  form o f  low-pressure steam. The t a i l  gas from these un i t s  

i s  inc inerated and sent t o  Flue Gas Treatment, Uni t  6300.OM, t o  remove any 

oxides p r i o r  t o  discharge i n t o  the  atmosphere. 

The condensed sour water from Quench Gas/Liquor Separation, Uni t  2300.OX, and 

S h i f t  Converter, Un i t  3300.OY, i s  sent t o  Sour Water S t r ipper  and Ammonia 

Recovery, Un i t  4100. The selected process, USS Phosam, absorbs ammonia i n  a 

phosphoric ac id  solut ion. The ammonia i s  subsequently s t r ipped o f f ,  condensed, 

and recovered. The water e f f l u e n t  from ammonia recovery i s  sent t o  Waste Water 

Treatment, Un i t  6100. 

Aromatics produced by the  gas i f i ca t i on  reactions are condensed i n  the quench 

uni t .  The o i l  f ract ions are separated i n  Aromatic Recovery, Un i t  4200. I n  

t h i s  un i t ,  benzene i s  produced as a byproduct, and aromatic o i l s ,  i f  any, are 

used as fuel .  

5.5 UTILITIES, UNITS 5100, 5200, 5300, 5400, 5500, 5600, and 5700 

C l a r i f i e d  raw water i s  demineralized f o r  b o i l e r  feed water makeup i n  Un i t  5100. 

This u n i t  produces makeup b o i l e r  feed water f o r  both high- and low-pressure 

bo i lers .  The Process and Potable Water System a lso uses c l a r i f i e d  water f o r  

makeup purposes. Most o f  t he  process water required throughout the  p lan t  i s  

recycled from Waste Water Treatment, Un i t  6100. Part  of the c l a r i f i e d  water 

i s  f u r t h e r  treated, sand f i l t e r e d ,  and ch lor inated before being used f o r  

d r i  nk i  ng and sani tary purposes. 

Steam Generation and Power Generation, Uni ts  5200 and 5400, provide u t i l i t y  

and power generation and d i s t r i b u t i o n  throughout the  plant. The bo i le rs ,  
f f r e d  by coal, coal f ines,  and char, generate high-pressure, superheated steam 

f o r  use i n  the charlcoal gas i f i e rs ,  power generation un i ts ,  and other u t i l i t y  

systems. Low-pressure steam i s  generated by process heat recovery and/or by 

letdown through desu.perheaters. 



Cooling Water System, Un i t  5300, i s  a conventional closed loop system w i t h  

coo l ing water c i r c u l a t i n g  between the  process exchangers, surface condensers, 

and cool ing towers. The makeup i s  c l a r i f i e d  water. Chemicals are continuously 

added t o  prevent corrosion and scale buildup. 

P lant  and Instrument A i r  System, Un i t  5500, provides serv ice a i r  f o r  general 

u t i l i t y  use throughout the  plant. Part o f  the  p lant  a i r  i s  d r ied  by conventional 

techniques t o  serve as instrument a i r .  

Fuel System, Un i t  5600, provides the appropriate f u e l  f o r  both s tar t -up and 

emergency s i tuat ions.  

5.6 WASTE TREATMENT AND DISPOSAL, UNITS 6100, 6200, and 6300.OM 

Waste Water Treatment, Un i t  6100, converts t h e  various aqueous streams i n t o  

su i tab le  recycle water. The residual  water, i f  too contaminated f o r  recycle 

purposes, i s  t reated by b io log ica l  oxidation. 

Ash and Sludge Disposal, Un i t  6200, c o l l e c t s  s o l i d  waste and ash from the  en- 

t i r e  p lant  and disposes o f  them i n  an environmental ly acceptable manner. 

Flue Gas Treatment, Un i t  6300.OM, handles the  f l u e  gas from Steam Generation, 

Un i t  5200, and the  inc inerated t a i l  gas from Su l f u r  Recovery, Un i t  4300.02, t o  

make them envi  ronmental l y  acceptable f o r  d i  scharge i n t o  the  atmosphere. The 

process i s  a dual-a1 k a l i  type using a sodium so lu t ion  f o r  the  absorption step 

and then a l ime system t o  convert the  captured s u l f u r  d ioxide i n t o  a throwaway 

sludge for  disposal i n  an appropriate l a n d f i l l .  

5.7 SITE FACILITIES, UNITS 7100-7800 

Un i ts  7100 and 7.600 are storage and shipment f a c i l i t i e s  for  the  byproducts 

produced i n  the  plant. Facilities are also included f o r  bulk r ece ip t  o f  

mater ia ls  i n t o  t h e .  plant. 



Blowdown and F lare ,  U n i t  7200, i s  t h e  o v e r a l l  r e l i e f  header and f l a r e  system 

f o r  t h e  e n t i r e  p lant .  

B u i l  d i  ngs, U n i t  7300, comprises a1 1 t h e  b u i l d i n g s  necessary t o  operate t h e  

coal  g a s i f i c a t i o n  f a c i l i t y .  These inc lude  admin is t ra t ion ,  labora tory ,  warehouse, 

garage, ma1 ntenance, c o n t r o l  room, swi tch  house, f i r e  house, and guard house. 

F i rewater  System, U n i t  7400, uses raw water d i r e c t l y ,  wi thout  any pretreatment, 

f o r  f i r e f i g h t i n g  and f i r e  cont ro l .  

Storm Water Treatment, U n i t  7500, cons is t s  o f  t h e  f a c i l i t i e s  necessary t o  i m -  

pound storm water r u n o f f  f rom t h e  p lan t  and t o  d i  scharge i t  i n  an acceptable 

manner. 

S i t e  Preparat ion, U n i t  7700, comprises s i t e  c l e a r i n g  and grading f o r  a1 1 process 

areas, dikes, d i tches,  ponds, roads, and r a i l  roads. 

S i t e ,  F in ish ing ,  U n i t  7800, comprises a1 1 f i n i s h i n g  earthwork, i n c l u d i n g  land- 

scaping. It inc ludes any l i n i n g s  requ i red  f o r  ponds and any base mate r ia l s  

requ i red  under paved areas, roads, and r a i l  roads. It a lso  inc ludes f i n a l  paving, 

such as concrete o r  asphal t ,  and f i n a l  bal  l a s t  as we l l  as trackwork i t s e l f .  The 

permanent p l a n t  fenc i  ng i s a1 so included. 



SECTION 6 - ECONOMIC EVALUATION 

6.1 BASIS OF EVALUATION 

This  sect ion contains an economic analysis performed t o  es tab l i sh  the cost o f  

t h e  gas produced by the  Commercial P lant  described i n  e a r l i e r  sections. A 

nominal production r a t e  of 82.5 tril l i o n  Btu per year was used. The cost o f  

gas was determined f o r  two types o f  f inanc ing - u t i l i t y  f inanc ing and discounted 

cash f l ow  p r i va te  financing. The assumptions f o r  the f inancing methods are 

shown below. 

U t i l i t y  Financing Method 

Project  L i f e  = 20 years 

Depreciat ion = S t ra igh t  li ne on t o t a l  cap i t a l  investment 

(working cap i t a l  and land excluded) 

Federal Income Tax = 48% 

Frac t ion  Debt = 0.75 

In te res t  on Debt = 9% 

Return on Equity = 15% 

DCF Method 

Federal Income Tax = 48% 

State and Local Tax = 4% 

DCF Rate of Return on Total Capital = 12% 

Depreciat ion = 16 years, sum-of-the-years' - d i g i t s  met hod 

Investment Tax Cred i t  = 0 

Equi ty = 100% (except f o r  working cap i t a l  and land) 



6.2 CAP1 TAL REQUIREMENTS 

6.2.1 Capi ta l  Cost Basis '  

The cap i t a l  cost  estimate i s  expressed i n  terms o f  second-quarter 1979 dol lars.  

The overa l l  accuracy o f  the  cap i t a l  cost  estimate i s  - + 25%. 

6.2.2 Erected Plant  Cost 

The erected p lan t  cost f o r  the  Commercial Plant  i s  sumnarized on a u n i t  cost 

basis i n  Table 6.1. Erected costs were estimated us ing standard procedures 

devel oped through experience i n the  design and construct i on  o f  1 arge i ndust r i  a1 

plants. An allowance was included f o r  the  cost  o f  such items as p lant  safety 

equipment and vehicles, o f f i c e  equipment, and laboratory  and shop equipment. 

Procedures used by other reputable a rch i tec t  and engineer f i rms may vary con- 

siderably, but should lead t o  estimates w i t h i n  the accuracy o f  2 25%. 

6.2.3 Total  Capi ta l  Requirements 

The t o t a l  cap i ta l  requirements f o r  base and zero 1 iqu ids  cases are shown i n  

Table 6.2. The cap i ta l  requirements f o r  the zero l i q u i d s  case were factored 

from those f o r  the  base case. 

Contractor 's costs include construct i o n  costs, home o f f i c e  engineering , and 

insurance. Construct ion costs include i n d i r e c t  f i e l d  costs, construct  i on  

t o o l s  and equipment, and construct ion supervision. The costs are based upon 

the  d i r ec t  f i e l d  l abo r  manhours, scope o f  the  pro jec t ,  and speci a1 e rec t ion  

equi pment requi red. 



UNIT .NO. 

Table 6.1 Un i t  Cost Sumnary (Base Case) 

(Page 1 o f  2) 

UNIT NAME 

Coal Storage and Handling 

Coal Preparation 

In ter .  Coal Storage and Transfer 

Coal Feed System 

Hydrogasi f icat ion 

Quench and Gas/Liquor Separation 

Acid Gas Removal 

Methanat i on 

Dry i  ng 

Hydrogen Removal 

Oxygen Plant 

Char/Coal Gas i f i e r  

S h i f t  Converter 

Cooli  ng and Compression 

Select ive  Acid Gas Removal 

Methanation 

Ammonia Recovery 

Aranatic Recovery 

Su l f u r  Recovery 

ERECTED UNIT COST, $ 



UNIT NO. 

Table 6.1 Un i t  Cost Suimnary (Base Case) 

(Page 2 o f  2) 

UNIT NAME ERECTED UNIT COST, $ 

Water Treatment: Raw and Potable 17,844,000 

Steam Generatio? and D i s t r i b u t i o n  106,924,000 

Cooling Water System 26,806,000 

Power Generation and D i s t r i b u t i o n  28,600,000 

A i r  System: Instrument and Plant  3,652,000 

Fuel System 1,045,000 

Sewage System 266,000 

Waste Water Treatment 

Ash/Sludge Disposal 

Flue Gas Treatment 

Product Storage 

Blowdown and F la re  

Bu i l  d i  ngs 

Firewater System 

Storm Water Treatment 5,139,000 

Loading and Unloading 6,303,080 

S i t e  Preparation 5,355,000 

S i t e  F in ish ing 13,084,000 

A1 1 owances 7,455,000 

Total  Erected P lant  Cost 992,481,000 



Table 6.2 Capi ta l  Requi rements 

P lant  Investment 

Erected P lan t  Cost 

Contractor 's  Costs and Fees 

Pro jec t  Cont i ngency 

Total  Plant  Investment 

Zero 

Base Case L iqu ids  Case 

I n i t i a l  Charge o f  Catalysts & Chemicals 16,203,800 17,579,000 

Spare Parts 4,962,400 4,968,400 

Paid-Up Royal t ies 3,250,400 3,413,000 

Star t -up Costs 45,531,200 47,160,700 

Tot a1 Capi t a1 Investment [DCFM] 1,336,849,800 1,341,539,600 

Land Acqu is i t i on  Cost 2,750,000 2,750,000 

Worki ng Capi ta l  39,329,900 39,315,000 

Tot a1 Capi t a1 Requirements [UFMI 1,378,929,700 1,383,604,600 

The values s ta ted here do not inc lude a1 lowance f o r  funds used dur ing 

construct  ion. 



Home o f f i c e  engineering costs have been estimated on the  basis of a s ing le  

prime con t rac to r ' s  costs, as are the costs associated w i th  the  supervision of 

the  subcontractors. 

A p ro jec t  contingency was taken a t  15% o f  the  sum of erected p lan t  cost, con- 
t r a c t o r ' s  costs, overhead, and p r o f i t .  

The i n i t i a l  charge o f  ca ta lys ts  and chemicals i s  shown i n  Table 6.3. 

Cost of spare parts was estimated as 0.5 percent of the  cost o f  mater ia ls and 

equf pment . 
Paid-up roya l t i es  are shown i n  Table 6.4. Engineering fees f o r  other u n i t s  

received from a l icensor /suppl ier  were included i n  the i n s t a l l e d  cost  f o r  those 

un i ts .  

Star t -up costs were taken a t  20% o f  the  gross operating costs. 

Land acqu is i t i on  cost  was assumed t o  be $5,000 per acre. 

Working cap i ta l  requirements are shown i n  Table 6.5. Requirements were taken 

as the  sum o f  raw mater ia l  and byproduct inventory plus 30 days gross operating 

costs. 



Table 6.3 I n i t i a l  Charqe o f  Catalysts & Chemicals 

Un i t  No. - Item $ 
Zero 

Base Case L iqu ids  Case 

2400. OX Sol vent 18,900 

2500, OX Catalyst  1,358,100 

2600. OX Glycol 42,400 

3300. OY Catalyst  6,765,000 

3500.0Y Sol vent 1,344,000 

3600. OY Cat a1 ys t 701,100 

4100 Chemicals 390,000 

4300.02 Cata lys t  247,300 

5100,6100 Chemicals 1,560,000 

6200 Polyel ec t  r o l y t  e 51,000 

6300 Chemicals 3,726,000 

TOTAL 16,203,800 17,579,000 



Table 6.4 Paid-Up Roya l t ies  

U n i t  No. 

Base Case 

TOTAL 

Liquids Case 



Table 6.5 Working Capi ta l  Requirements 

, 

Raw Mater i  a1 and Byproduct Inventory 

Coal (35 days) 

Water ( 7  days) 

Benzene (14 days) 

Ammonia (14 days) 

Su l fu r  (52 days) 

Fuel O i l  (14 days) 

TOTAL 

Gross Operating Costs (30  days) 

TOTAL WORK1 NG CAPITAL 

Zero - 
Base Case Liquids Case 



6 ,3  . OPERATING COSTS 

6.3.1 Operating Cost Basis 

The operating cost estimates were prepared f o r  the Commercial Plant  designs 
based on an operat i ng schedule o f  330 .days per year o f  operat i on  a t  f u l l  capa- 

c i t y .  

6.3.2 Operating Requirements' and Un i t  Costs 

Raw materi a1 requirements, byproduct rates, u n i t  pr ices, operat i  ng 1 abor, waste 

disposal, and land requirements are shown i n  Table 6.6. Coal, raw water, and 

f ue l  o i l  u n i t  costs represent the  cost as de l ivered t o  the plant. Byproduct 

pr ices are net back t o  the plant. 

The cost  of coal was set  a t  $l.OO/MMBtu f o r  bituminous coal feed. Coal cost  

was converted t o  $ / ton us ing the heating value of t he  coal as received. 

Byproduct pr ices assume t h a t  there i s  a market ava i lab le  w i t h i n  an acceptable 

t ranspor ta t ion distance. The pr ices f o r  s u l f u r  and ammonia were taken a t  cur- 

ren t  market prices. Because o f  uncerta inty as t o  t he  q u a l i t y  and value of the 

byproduct raw benzene, the  base case was evaluated a t  a benzene p r i ce  o f  

$0.90/gallon. The predicted value o f  chemical grade benzene can be as high 

as $1.55/gal lon;  however, s i g n i f i c a n t  expenditures i n  terms of equipment and 

hydrogen may be required t o  upgrade raw benzene t o  meet chemical grade spec i f i -  

cations. A t  the same time, t h e  market i s  l i m i t e d  enough t h a t  mu l t i p l e  p lants  

producing chemical grade benzene could be expected t o  d r i ve  down the  p r i c e  i n  

t h e  market. 

The average wage r a t e  f o r  operating labor  was taken a t  $8.20/hr. The waste 

disposal cost includes the cost  o f  hau l ing the  s o l i d  wastes t o  a nearby l a n d f i l l  

s i t e  and t he  cost o f  operating t h e  l a n d f i l l .  The waste disposal cost  i s  based 
upon sending a l l  non-toxic s o l i d  wastes d i r e c t l y  t o  a non-hazardous l a n d f i l l  

and t r e a t i n g  t h e  t o x i c  so l i ds  t o  an acceptable l i m i t  before sending t o  l a n d f i t  1. 



Table 6.6 Operating Requirements and Un i t  Costs 

Quant i ty  Un i t  Cost 

Zero - 
Raw Mater i  a1 s Base Case ~ i q u i d s  Case 

Bituminous Coal 17,643 ST/D 18,573 ST/D $24.79/ST 

(as rece i  ved) ($1 .00/MMBtu) 

Water 14,137 GPM 14,898 GPM $0.40/1,000 gal 

Byproducts 

Su l f u r  

Benzene 

Ammo n i a 

Operat i nq Labor 

Fuel O i l  

Waste Disposal 

Land - 

568 ST/D 591.3 ST/D $40/LT 

3,035 BPD - $ 0.90/Gall on 

134.4 ST/D 121.5 ST/D $1 20/ST 

75 MenIShift 75 MenIShif t  $ 8.20/hr 

(For s tar t -up only)  $1 6.80IBBL 

4242 'STID 4439 ST/D $ 1.00/ST 

550 Acres 550 Acres $5,00O/Acre 



S o l i d  wastes sent t o  t h e  secure l a n d f i l l  a re  dewatered sludge and evaporator 

sa l t .  

6.3.3 Annual Operat ing Costs 

The annual operat ing costs f o r  t h e  Commercial P lan t  are shown i n  Table 6.7. 

The o n l y  raw mater i  a1 purchased i s  coal  ; t h e  purchased u t i l i t i e s  are raw water 

and f u e l  o i l .  The annual cost f o r  c a t a l y s t  and chemicals i s  summarized i n  

Table 6.8. Operat i  ng l abo r  i s based upon 8,760 hours per  year. Operat i  ng 

l a b o r  superv is ion  was taken a t  20% o f  opera t ing  labor. Admin is t ra t ive  and 

general overhead was charged a t  60% o f  opera t ing  l abo r  and supervision. 

Operating supp l i  es were taken a t  30% o f  opera t ing  labor. A maintenance f a c t o r  

t o  cover bo th  maintenance suppl ies and l a b o r  was app l ied  t o  each u n i t ' s  i n -  

vestment cost  (erected cos t  p lus  con t rac to r ' s  charges and contingency) . The 

fac to rs  app l ied  t o  each u n i t  are shown i n  Table 6.9. 

Taxes and insurance were taken a t  1.5% o f  t o t a l  p l a n t  investment. 

Land and working c a p i t a l  were assumed t o  be pa r t  o f  t h e  c a p i t a l  base f o r  UFM. 

Fo r  DCFM, land and worki ng c a p i t a l  were assumed t o  be f inanced by debt a t  9%. 

Purchase and r e s a l e  value o f  t h e  land .and worki ng c a p i t a l  were assumed t o  be 

equal t o  t h e  value o f  t h e  bonds lead ing  t o  an annual cos t  o f  l and  and working 

c a p i t a l  o f  9% o f  t h e i r  value. 

I n f l a t i o n  was not considered. 



Table 6.7 Annual Operatinq 'Costs 

Operat i nq Costs 

Raw Mat e r i  a1 s (Coal ) 
Catalysts and Chemicals 

U t i l i t i e s  - Water 

Labor - Operat i ng 

- Supervision 

Admi n i  s t r a t  i ve and General Overhead 

Operating Supplies 

Mai ntenance Materi  a1 and' Labor 

Taxes and Insurance 

Waste Disposal 

Total  Gross Operating Costs 

$/Year 
Zero - 

Base Case Liquids Case 

Byproduct Credi ts 

Su l fu r  6,694,300 6,968,900 

Benzene 37,858,600 - 
Ammoni a 5,322,200 4,811,400 

Tot a1 Byproduct Credits 49,875,100 11,780,300 

Total  Net Operating Costs [UFM] 177,780,800 224,023,000 

I n te res t  on Land and Working Capital 3,787,200 3,785,800 

Tot a1 Annual Operating Costs [DCFM] 181,568,000 227,808,800 



U n i t  No. 

Table 6.8 Annual Cata lyst  .and Chemicals Cost 

Sol vent 

Cata lyst  

Glycol 

Cat a1 ys t 

Sol vent 

Cata lyst  

Chemicals 
Cata lyst  

Chemicals 

chemical s 
Chemicals 

TOTAL ANNUAL COST 

s 
Zero - 

Base Case Liquids Case 



Table 6.9 Maintenance Factors 

UNIT NO. UNIT NAME 

Coal Storage and Handling 
Coal Preparation 
In te r .  Coal Storage and Transfer 

Coal Feed System 
Hydrogasif i c a t i o n  
Quench and Gas /~ iquor  Separation 
Acid Gas Removal 
Methanat ion 
Dryi ng 
Hydrogen Removal 

Oxygen Plant  
. Char/Coal Gas i f i e r  

S h i f t  Converter 
Cooling and Compression 
Select ive Acid Gas Removal 
Methanat ion  

Ammni a Recovery 
Aromatic Recovery 
Su l fu r  Recovery 

Water Treatment: Raw and Potable 
Steam Generation and D i s t r i b u t i o n  
Cooli  ng Water System 
Power Generation and D i  s t r i  b u t i  on 
A i r  System: Instrument and Plant 
Fuel System 
Sewage System 

Waste Water Treatment 
Ash/Sl udge D l  sposal 
Flue Gas Treatment 

Product Storage 
Blowdown and F la re  
Bui ld ings 
Firewater System 
Storm Water Treatment 
Loadi ng and Unl oadi ng 
S i t e  Preparation 
S i t e  F in ish ing 
A1 1 owances 

X UNIT INVESTMENT 



b 6.4 ECONOMIC ANALYSIS 

6.4.1 Economic Analys is  Basis 

The s e l l i n g  p r i c e  o f  t h e  product gas (cos t  o f  gas) was ca l cu la ted  by t h e  u t i l i t y  

f i nanc ing  method and by t h e  discounted cash f l o w  method f o r  both t h e  base case 

and t h e  zero  l i q u i d s  case. Pro jec t  l i f e  was taken as 25 years, p l a n t  l i f e  as 

20 years. Cap i ta l  was assumed t o  be equ i t y  c a p i t a l  except f o r  land and working 

c a p i t a l .  The cash drawdown schedule dur ing  t h e  cons t ruc t i on  pe r iod  ( f i v e  years)  

i s  shown i n  Table 6.10. 

6.4.2 Cost o f  Gas 

The d e r i v a t i o n  o f  t h e  equations used t o  c a l c u l a t e  t h e  gas cos t  by both  methods 

f o r  bo th  cases i s  shown i n  Table 6.11. The parameters used t o  c a l c u l a t e  t h e  

cos t  o f  gas are  a1 so shown i n  Table 6.11. The cos t  o f  gas as ca l cu la ted  by 

each method f o r  t h e  two cases i s  shown i n  Table 6.12. 

6.4.3 S e n s i t i v i t y  Analys is  

A s e n s i t i v i t y  ana lys i s  was performed t o  show t h e  e f fec t  o f  t h e  f o l l o w i n g  on 

t h e  cos t  o f  gas: 

Va r ia t i ons  i n  coal cos t  

Va r ia t i ons  i n  r a t e  o f  r e tu rn  

Var ia t i ons  i n  t o t a l  p l a n t  investment 

Var ia t i ons  f n  coal  requirements 

a Var ia t ions  i n  benzene value 

Resu l ts  o f  t h e  ana lys is  are  presented f  n  Table 6.13. In each case, o n l y  t h e  

va r iab le  o f  f  n t e r e s t  was changed from i t s  base value. 



Year - 

Total  P lant  Investment 

Table 6.10 Cash Drawdown Schedule 
(DCF Method) 

Base Case 

Zero - 
Liquids Case 



Table 6.11 Gas Cost Equations (Page 1 of 4)  

Discounted Cash Flow Method 

The average product s e l l i n g  p r i c e  i s  generated t o  produce a Net Present 
Value equal t o  zero f o r  the  p ro jec t  l i f e ,  i.e., the  discounted present 
value o f  cash outflows dur ing construct i on  equals the. d i  scounted present 

val ue o f  cash i nf  1 ows dur i  ng the operat i ng phase. 

Expressed i n  a formula 

Where: n = period of construction 
N = project life 
Ci = cash flow in year i 
PWFi = present worth factor in year i = (1  + r)-' 
r = DCF rate of return on total capital 

Based upon the f o l  1 owi ng parameters 

Equl ty Capl ta l  = 100% (except f o r  working cap i ta l  and land) 

Project  L i f e  = 25 years 

P lant  L i f e  = 20 years 

Depreciat ion = 16 years, sum-of-the-years1-digi t s  method 

In te res t  on land begins i n  year 1 



 able 6.11 Gas Cost Equations (Page 2 o f  4 )  

The cash f lows dur i  ng t he  const ruc t ion period can be expressed as: 

Where: TCI = Total Capital lnvestment 
Xi = Fraction of TCI spent in year i 
LI = Interest on Land 

The cash flows dur ing t h e  operat ing years can be expressed as: 

( (1 - TAXR) (AR - AOCi - DEP,) + DEPi ) PWFi 

Wh8re: TAXR = Income Tax Rate 
AR = Annual Sales Revenue 

AOCi = Annual Operating Cost in Year i 
DEPi = Depreciation in Year i 

Equating the  cash f lows dur ing t he  const ruc t ion per iod t o  the  cash f lows dur ing 

t he  operat ing years, subs t i t u t i ng  COG x PROG = AR, and separat ing terms y i e l ds :  

TCI & PWFi + Ll PWFi + (1 - TAXR) 1 AOCi PWFi - TAXR (TDI) I: DRi PWFi 
I= 1 I=  1 1=6 i = 6 

COG = 
25 

Where: TCI = Total Capital lnvestment 
& - Fraction of TCl spent in year i 
LI = Interest on Land 

TAXR = Income Tax Rate 
AOCi = Operating Cost in Year i 

TDI = Total Depreciable Investment 
DRi = Depreciation Rate in Year i 

PROG = Production Rate of Gas 



Table 6.11 - Gas Cost Equations - 
(Page 3 o f  4 )  

Note: Tot a1 Capi t a1 Investment Includes : 

Tot a1 Plant Investment 

Paid-Up Royal t ies (assumed year 5) 

Star t -up Costs (assumed year 5)  

I n i t i  a1 Charge of Catalysts and Chemicals (assumed year 5 )  

Spare Par ts  Purchase (assumed year 5) 

Annual Operati ng Costs Includes: 

Star t -up and Costs tax c r e d i t  (assumed year 6 )  

Credi t  for 1 iqu ida t ion  of Spare Parts Inventory (assumed year 25) 

I n t e res t  on Land and Working Capital 

Tot a1 Depreci able Investment Includes : 

In te res t  on Land During Construct'ion 

Total  P lan t .  Investment 

Paid-up Royalt ies . 

I n i t i a l  Charge of Catalysts and Chemicals 

U t i l i t y  Financing Method 

Usi ng the f o l l  owl ng parameters: 

Pro jec t  L i f e  = 20 years 

Depreciat ion = s t r a i g h t  1 i ne on Total Capital Investment (worki ng cap i ta l  

and land excluded) 

Federal Incane Tax Rate = 48% 

Frac t ion  Debt = 0.75 

I n t e r e s t  on Debt = 9% 

Return on Equi ty  = 15% 



Table 6.11 Gas Cost Equations 

(Page 4 o f  4)  

Where: COG = Average Gas Cost, $/MMBtu 

N = Total  Net Operating Costs, $MM/Year 

C = Total Capital Requi rements, $MM ( includes a1 lowances fo r  

funds used du r i  ng construct ion) 

W = Working Capital and Land, $MM 

G = Annual Product Gas Rate, T r i l l i o n  Btu/Year 

(1) "Factored Estimates f o r  Eastern Coal Canmerci a1 Concepts", 
Report FE-2240-31, prepared by C. F. Braun & Co. under Contract No. 

EX-76-C-01-2240, September 1978. 



Table 6.12 Cost o f  Gas - 

Zero - 
Capita l  Requirement $ Base Case L iqu ids  Case 

Capi ta l  Investment 1,336,849,800 1,341,539,600 

Land Acquis i t ion  Cost 

and Working Capi ta l  [UFM only] 42,079,900 42,065,000 

Total Capi ta l  Requirements 1 ,378,929,700 1,383,604,600 

Operating Costs , $/Year 

Net Operating Cost 177,780,800 

I n te res t  on Land 

and Worki ng Capi ta l  . [DCFM only] 3,787,200 

Total Annual Operati ng Costs 181,568,000 

Cost o f  Gas, $/MMBtu 

U t i l i t y  Flnancl ng Method 

DCF Method 



Table 6.13 Sens i t iv i ty  Analysis 

Coal Cost, $/MMBtu 

Rate of' Return, % 

Capital Investment, $MM 

-200 

Base 
+2 00 

+400 

Coal .- Requirement . , X of Base 

90 

Base 

110 
120 

Value o f  Lfquids, $/qal 

Cost o f  Gas, $/MMBtu 
Zero - 

Base Case Lf quidscase 
UFM - - DCFM - UFM - DCFM 
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APPENDIX A 

Telephone: (213) 301-1000 
TWX: 91 w%-1237 Rockwell 

TMX: 181017 International 

14 May 1979 In response refer t o  79ESG5050 

Dr. K. S a m  
UOP/SDC Joint Venture 
7929 West Park Drive 
McLean, VA 221 01 

Dear Dr. Sarma: 

Here i s  infornation that  we discussed on the. phone 
l a s t  week. I w i l l  be looking forward t o  your call 
when you have reviewed this material. 

Very t ruly yours, 

L. P. Combs 
Project Engineer 
Envi ronmental & Energy Systems Division 
Energy Systems Group. 



3 /13 /79  
REV1 SED 

HYDROGASIFICATION SECTIOK HEAT & MATERIAL BALANCES 

C A S E - I :  ZERO LIQUIDS PRODUCTION 

Oxygen (200°F) , Recvcle ( p l u s  Makeu~)  Hydrogen 

I PREBURNER 'I 

j Tgas = 1 8 9 0 ~ ~  

I ~ e n s e  phase Coal ( 2 0 0 O ~ j  

70Z - 200 mesh 
Coal t r a n s p o r t  gas= 

0.00305 1 b moles H2 

I b m Coal (as r e c ' d )  . 
Tmix = 1 5 3 0 ~ ~  

HYDROGASIFICATION 
REACTOR 

I Char t o  Product  Vapors t o  recovery 

a Steam P lan t -  system 
B o i l e r  Syster. 

t 

i Tproduct gas & char  = 

tP - 1 9 0 0 ~  F 

RECUPERATOR 

b Recycle ( p l  us Makeup) 
Hydrogen (70°F) 

0.366 I b  H2 

1 b '(HF.3 Coal 
Tquench = 9 2 0 ~ ~  



% Moisture 
% Ash 
% Vo la t i l e s  
% Fixed Carbon 

3/13/79 . . 

REV1 SED 

. . ROCKWELL HYDROGASIFIER OPERATING POINT ANALYSIS 

CASE I: ZERO LIQUIDS PRODUCTION 
. .  . 

1. ' COAL CHARACTERISTICS 

Type: Eastern Bituminous Coal P i t tsburgh Seam No. 8 
. . 

Proximate Analysis:  

As-Recei ved Dry 

X Moisture 
% Carbon 
% Hydrogen 
% Ni t rogen 
% Su l f u r  
% Ash 
% Oxygen 

Heatinq Value: 

B tu / l  bm 

As-Recei ved Dry 

12,400 13,190 

2. FEED RATES, NORMALIZED PER LB (MF) COAL: 

0.366 1 b H2/ lb '(MF) coal  (a& preburner i n l e t )  
0.224 1b 02/ lb  H2 ( f o r  1900 F o u t l e t  reac to r  temperature) 

Elemental Breakdown, LB Elemen t/LB (MF) Coal 

: I (MF) Coal Feed 0.7i50 0.0502 0.0653 0.0442 0.0123 

Coal Moisture* 
. (0.0204 l b / l b  (MF) coa l )  - 0.0023 0.0181 - - 
H2 Feed - 0.3660 - - - 

> H2 Transport Gas - 0.0062 - - - 
. , o2 Feed - - 0.0820 - - 

- 

TOTALS 0.7150 0.4247 0.1654 0.0442 0.0123 

*Dried t o  2.01 moisture i n  coal pu lve r i za t ion /d ry ing  u n i t  
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REVISED 

ROCKWELL HYDROGASIFIER OPERATING POINT ANALYSIS' ' . , 

. . (continued) 

3. REACTOR CONDITIONS : 

Hydrogen In1 e t  Temperature 
Oxygen I n l e t  Temperature 
Coal I n l e t  Temperature 
Reactor Out le t  Temperature 
Reactor Out le t  Quench Temperature 

Reactor Pressure 
Residence Time 

4. ASSUMPTIONS: 

1000 ps ig  
2000 msec 

Coal S - H2S 

Coal N - NH3 

(GI$- GN2) 

Coal 0 + GO2 - i O  + C02 + CHAR 0 + H20 ( d i f f .  ) 

-5. PRODUCT COMPOSITION: 

a. Overal l  Carbon Conversion 

- 
"c, ove ra l l  = 62.7% 

Where: " c - ~ i ~ .  = 0.00 



ROCKWELL HYDROGASIFIER OPERATING POINT ANALYSIS 

(cont i nued) 

b. Char Composition (%) 

C 65.97 
H 1.15 
N 0.68 
S 3.95 
Ash 27.95 
0 0.30 

c. Product Gas Composition 

Species l b / l b  (MF) Coal Moles/l b (MF) Coal Mole % 

"2 0.26526 0.13158 
CHq 

74.29 
0.54589 0.03405 

co 
19.23 

0.081 72 0.00292 1.65 
co2 0.01572 0.00036 
NH3 

0.20 
0.01161 0.00068 

''2s 
0.38 

0.03000 0.00088 
"20 

0.50 
0.11945 0.00663 
I.U6965 

3.75 
0.1771 1 m  

d. Elemental Balances 

(1) Ash: - 0.1130 l b  Ash/lb (MF) Coal = 0.4043 l b  Char 
0.2795 l b  Ash/lb Char b (MF) Coal' 

(2) Carbon: i n  Char = 0.26669 I b 
i n  CH4 = 0.40898 
i n  CO = 0.03504 , 

i n  C02 = 0.00429 
(1.7150 (100.00'~;) 

(3) Oxygen: i n  Char = 0.00121 l b  
i n  CO = 0.04668 - 

In cog = 0.01143 
i n  Hz ( d i f f . )  = 0 10608 

0.1654 



. 3 /13 /79  . ... . . 

. . 
REVISED 

( 4 )  Sulfur:  i n  Char = 0.01597 1 b , , 

i n  H2S ( d i f f . )  = 0.02823 

0.0442 

( 5 )  Nitroqen: i n  Char =, 0.00275 1 b 

i n  NH3 ( d i f f .  ) = 0.00955 

0.0123 

( 6 )  Hydroqen : i n  Char = 0.00465 I b "  

i n  H2S = 0.00178 

i n  NH3 = 0.00207 

i n  CH4 = 0.13757 

i n  H20 = 0.01.337 

as Hz (d i f f .  ) = 0.26526 

0.4247 



3/13/79 
REV1 SED 

HYDROGASIFICATION SECTION HEAT & MATERIAL BALANCES 

CASE-11: MODERATE LIQUIDS PRODUCTION -. 

Oxygen (200'~)  Recycle ( p l  us makeup) Hydrogen 
T d 

1 PREBURNER I I 

Char t o  - = s  Product Vapors t o  recovery 
Steam Plant  sys tern 

Boi 1 e r  Sys tem 

Tgas = ,1773'~ 

1 
Dense phase coal ( 2 0 0 ~ ~ )  

70% --, 200 mesh ' INJECTOR 
Coal t ranspor t  gas= J 

0.00305 l b  mole H2 

I b m coal  (as r ec ' d )  Tmix = 1 4 0 0 ~ ~  

B 
. . 

HY DROGAS I F I  CAT1 ON 
REACTOR 

Tpmduct  gas & char = -4 1 77ooF 

RE CUP ERATOR ,' 1- , R e l c l e  (p lus  Makeup) 

I i Hydrogen (70 '~)  

[ 0.319 I b  H2 

f l b  (MF) Coal 

Tquench = 730°F 



. . !mi. . . 

ROCKWELL HYDROGASIFIER OPERATING POINT ANALYSIS , , . . .. 

I CASE 11: MODERATE LIQUIDS PRODUCTION 

Type : Eastern Bituminous Coal P i t t sburgh  Seam No. 8 

Proximate Analysis : 

% Moisture 
% Ash 
% V o l a t i l e s  
% Fixed Carbon 

Ul t imate  Analysis:  

% Moisture 
% Carbon 
% Hydrogen 
% Ni t rogen 
% Su l f u r  
% Ash 
% Oxygen (by d i f fe rence)  

Heatinq Value: 

As-Recei ved . 

As-Recei ved 

B tu / l  bm 12,400 

2 ;  . FEED RATES, 'NORMALIZED PER LB (MF) COAL: 

Dry 

Dry 

0.319 1b H211b (MF) coal (a& preburner i n l e t )  
0.157 1 b 0211b ti2 ( f o r  1770 F o u t l e t  reac to r  temperature) 

Elemental Breakdown, LB Element/LB (MF) Coal 

(MF) Coal Feed 

Coal Moisture* 
(0.0204 l b l l b  (YF),coal) - 0.0023. 0.0181 - - 

HZ Feed 

Hz Transport gas 

O2 Feed 

TOTALS 

*Dried t o  2.0% moisture i n  coal pu lve r i za t ion /d ry ing  u n i t  

A- 7 
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ih . . .  
. . ROCKWELL HYDROGASI~IER OPERATI'NG POINT ANALY SI S 

. . (continued) 
I 

3. REACTOR CONDITIONS: 

Hydrogen In1 e t  Temperature 1500:~ 
Oxygen In l e t  Temperature 20OOF 
Coal In l e t  Temperature 2000F 
Reactor Outlet Temperature 177OOF 
Reactor Outlet Quench Temperature 730 F 

Reactor Pressure 
Residence Time 

1000 psig 
2500. msec 

4. ASSUMPTIONS: 

Coal S--9 H2S 

Coal N --NH3 

( GN2- GN2 

Coal 0 + GO2-CO + C02 + CHAR 0 + H20 ( d i f f .  ) , 

5. PRODUCT COMPOSITION: 

a .  Overall Carbon Conversion 

- 
"c, overall  = 56.8% 

Where : "c--~enzene 
= 0*058 1 

 T TO^ uene = 0.00 I 

"c-co = '0.032 



APPENDIX B - COMMERCIAL PLANT UNIT NUMBERING SYSTEM 

. . 

Fo l lowing i s  a d e s c r i p t i o n  o f  d i g i t a l i z a t i o n  u n i t s  and equipment o f  

var ious  sec t ions  o f  t h e  p lan t :  

X X X X . X X  I Y  Y 

Sect ion 
. .  

Coal Handling 

Main Process Tra ins  

Hydrogen Product ion Tra ins  

By-product Recovery 

U t i l i t i e s  

Waste Treatment 

On S i t e  F a c i l i t i e s  

U n i t  Number 

Process T r a i n  Number 

X - 1 t h r u  3 

Y - 1 t h r u  6 

Z - 1 t h r u  3 

M - 1 t h r u  3 

N - 1 t h r u  3 

1 t h r u  9 

Equi p e n t  Number 

1 t h r u  99 



APPENDIX C - ROCKWELL HIGH BENZENE YIELD DATA 

The m a t e r i a l  i n  t h i s  appendix was submitted t o  UOP/SDC by Rockwell I n t e r n a t i o n a l  . 
It was t h e  basis f o r  t h e  discussion i n  Appendix D. 



Energy Systems Group 
8900 De Soto Avenue 

Canoga Park, CA 91304 
Telephone: (213) 341-1000 

TWX: 910-494-1237 Rockwell 
Telex: 181017 International 

January 18, 1980 I n  rep ly  r e f e r  t o  80ESG-462 

Mr .  P. D. Agrawal 
UOPISDC 
7929 Westpark Dr ive 
McLean, V i r g i n i a  22102 

Dear M r .  Agrawal: 

The recent r esu l t s  obtained from Rockwell Hydrogasi f icat ion Test 318-036 
under Task I o f  the cur rent  program (ET-78-C-01-3125) appear t o  be very 
promising as a po ten t i a l  design po in t  f o r  a commercial-scale coal hydro- 
g a s i f i c a t i o n  reactor  system. Per t inent  experimental condit ions f o r  t h i s  
t e s t  have been summarized i n  Table A - 1  o f  the November Monthly Report 
(ET-3125-14). Using Kentucky No. 9 b i  tuminous coal , overa l l  carbon con- 
version was found t o  be 55.0%, w i t h  carbon conversions t o  CHq, CgHg, 
CO, and C02 being equal t o  39.0%, 11.4%, 4.4%, and 0.4%, respect ively.  
Mass balances completed t o  date on Test 318-036 ind ica te  94.5% carbon 
recovery, 101% hydrogen recovery, and 96.3% ove ra l l  recovery. 

As you know, the impact o f  h igh benzene y i e l d  on the cost  o f  gas i n  a 
commercial -scale CS/R hydrogas i f ica t ion p l an t  w i l l  be s i gn i f i can t ,  and 
espec ia l ly  now i n  l i g h t  o f  the continued strong market demand and high 
cont ract  p r i c e  f o r  chemical-grade benzene. I n  your recent pre l iminary  
evaluat ion o f  the CS/R Hydrogasi f icat ion Process,* the cost  o f  SNG was 
reduced from $5.05/MMBtu (zero 1 iqu ids  production case) t o  $4.48/MMBtu 
(moderate benzene production case, 5.8% carbon conversion t o  benzene) 
when producing 3030 bbl/day benzene valued a t  $0.90/gal lon. This l a t t e r  
p r i c e  represented the value assigned t o  raw benzene byproduct when used 
as a t ranspor ta t ion f ue l  blending stock. The benzene y i e l d  i n  Test 
318-036 (11.4% carbon conversion t o  benzene) i s  near ly  twice t h a t  
employed i n  the previous study. Furthermore, the value of chemical- 
grade benzene i s  present ly $1.65/gallon. An update o f  your economic 
ana lys is  appears warranted t o  assess the impact o f  these new developments. 

With reference t o  our previous discussions on the cost  o f  benzene upgrading, 
I would l i k e  t o  submit the fo l low ing  new informat ion f o r  your considerat ion. 
There are several commerci a1 l y  avai 1 able, low-cost processes f o r  c a t a l y t i c  
upgrading of benzene o high-puri  ty  (>99.9%) spec i f ica t ions.  One such 
process i s  the DETOL (h process o f fe red  by the Houdry D iv i s ion  o f  A i r  
Products and Chemicals. A b r i e f  desc r ip t ion  o f  the process i s  presented 

*"Design and Evaluat ion o f  Rockwell Hydrogasi f icat ion Commercial P lant  ," 
UOPISDC, Contract ET-78-C-01-3117, F ina l  Report, TR-MC-019-001, 
November 26, 1979 
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80ESG-462 
January 18, 1980 
Page 2 

as Enclosure 1. Pre l  iminary ca lcu la t ions based upon DETOL @ ind ica te  
t h a t  the cost  of equipment t o  upgrade an amount o f  benzene equivalent t o  
t h a t  obtained i n  Test 318-036 f o r  a comnercial-scale CS/R SNG p lant ,  
nominal ly 6800 bbl lday, would be about $9.7 m i l l  i on  i n  mid-1979 do l la rs .  
This represents about 1% o f  the erected comnercial p l an t  cost, and would 
therefore  add on ly  about $0.02 t o  the cost  o f  SNG. Furthermore, the 
amount o f  hydrogen required t o  upgrade t h i s  quan t i t y  o f  benzene would be 
very small (approximately 0.2% o f  the t o t a l  makeup H2 requirement) and 
would have an i n s i g n i f i c a n t  incremental e f f e c t  on the SNG pr ice.  

Enclosed f o r  your review i s  a set  o f  mater ia l  and energy balances f o r  a 
comnercial-scale C S I R  hydrogas i f ica t ion reactor  system a t  h igh benzene 
y i e l d  based upon the resul  t s  o f  Test 318-036 (denoted i n  Enclosure 2 as 
Case IV )  . By appropriate cost  fac to r ing  from your r epo r t  (TR-MC-019-001), 
Rockwell i s  cu r ren t l y  preparing a new set  o f  gas cost  estimates f o r  t h i s  
h igh-y ie ld  benzene case. The ob jec t i ve  i s  t o  estimate the e f f e c t  o f  
benzene y i e l d ,  benzene pr ice,  and H21coal r a t i o  on the 20-year average 
gas cost  using the u t i l i t y  f inancing method. I f  your schedule permits, 
i t  would be o f  great  bene f i t  t o  the Rockwell program i f  you could per- 
form s i m i l a r  cost-factored-type estimates. 

I w i l l  be accompanying Joe Friedman and Paul Combs t o  Washington t o  
v i s i t  Lou Jablansky on January 29. A t  t h a t  time, we could compare our 
estimates d i r e c t l y  and discuss any di f ferences.  

Should you have any comnents o r  questions, please f ee l  f r ee  t o  c a l l  me 
a t  (213) 341-1000, .Extension 1266. I look forward t o  seeing you i n  the 
near future.  

Very truly yours, 

Daniel R. Kahn 
Pro jec t  Manager 
Process Design and Economi cs 
Fossi 1 Energy Systems 
Energy Sys tems Group 
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Enclosures 

cc: Department o f  Energy 
Washington, D.C. 
Mr .  Lou Jablansky 

C i t i e s  Service Company 
Tulsa, Oklahoma 
Mr.', Wayne A. F l ing,  J r .  
Dr .  Daniel P. Rimmer 



HEATER DETOL REACTORS FLASH DRUM STABILIZER CLAY TREATER DlSTlUATlON 
6 ~Opnoruc) 

Benzene (Detol)-~~~ PRODUCTS AND CMEMICALS, INC. 

Appllcrtion: T o  p d u c e  high purity benzene and 
heavier aromatics from toluene and/or xylenes and/or 
C, and heavier aromatics. The main product is high purity 
benzene which meets all normal quality tests and has a 
fmze point of about 5.5O C. With G+ aromatic feed- 
stocks, toluene and xylenes can also be taken as product. 
Description: Feed (toluene and/or xyixyle and/or C,,+ 
aromatics), together with a hydrogen containing gaseous 
stream, is heated at a 'fied pressure to the q u i d  
reaction temperature an 'F" p a d  over a dealkylarion cam- 
lyst. Reactor eWuent is cooled by heat exchange. Benzene 
and unconverted toluene and/or xylene and heavier aro- 
matics are condensed, then flow to a high ressure flash 

below benzene a n  separated as gases. 
E drum when the major portion of materia which boil 

The condensed liquid consisting of benzene, toluene 
and/or xylene and heavier aromatics is pumped to a 
stabilizer. Dissolved hydrogen, hydrogen sulfide and light 
hydmcakm not removed in the flash drum arr stripped 
out. When benzene d u c t  must meet acid wash color 
rpecifications, the sta g ilizer bottom are passed through a 
fixed bed clay treater. The day treated aromatic liquid is 
then dirtilkd in a benzene fractionator to produce the 
desired specification benzene. 

Unconverted toluene and/or xylemr and heavier aro- 
matics are recycled through the catalyst with the fnrh 
feed. 

Depending on the quantity and purity of available 
make-up hydrogen, it may be desirable to include a 
hydrogen concentration atep to treat a portion of the 
vapors from the high pnrsun flnrh drum, as shown in the 
flow diagram. This maintains the desired hydrogen par- 

tial pressure in the system while conserving hydrogen. 
A clyogenic hydrogen purification unit can be used. 
Yields: Benzene yield in reactor effluent is 99.0 mol qQo of 
fresh toluene or heavier aromatic charge. A typical mate- 
rial balance is as shown: 

C#mlhuKnt, wt. % 
Ha 
Ca-G 
C ' s  
Cr-G NA 
Benzene 
Toluene 
C+A 

Total 
Lb./lb. raw charge 

DETOL 
Fmb 
Feed - 
- 

3.2 - 
47.3 
49.5 

100.0 - 
1.000 

M8kc-Up 
H, Rich 

Gas 
19.9 
60.8 
6.9 

12.4 - - - 
100.0 - 

0.199 

Economics: 
Investment: Varies for feedstock, but on the 
basis of a 100-million-gpy plant with the 
material balance shown above, $/bpsd) . . 1,400 

Typical utility requirements, per bbl. feed ..................... Electricity, kwh 5.8 ...................... Fuel, MM Btu 0.31+ ................... Cooling water, gal. 450 .......................... Steam, lb .  14.4 
No cndit taken for vent gas streams 

Commerdsl Installations: Twelve plants with capaci- 
ties ranging from about 12 million to 100 million gallon. 
per year have been licensed. 
Ucensor: Houdry Division of Air P d u c t s  and Chem- 
icals, Inc. 
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HYDROGASIFICATION SECTION HEAT AND MATERIAL BALANCES 

CASE I V :  HIGH BENZENE YIELD 

.Basis: Rockwell 314-tph Hydrogas i f ica t ion Test 318-036 

- - 1 Tquench Char t o  oxygas i f i e r  . . o r  Product vapors t o  
steam p l  i%WM%r arctern b recovery system 

Hydrogen Oxygen (300'~) Recycle (p lus  makeup) 
1b 02 

I 

0.251 'G ( 1 5 0 0 ~ ~ )  

PREBURNER 

RECUPERATOR 
Recycle ( p l  us makeup) 

- Hydrogen ( 7 0 0 ~ )  - . 

1b H2 

i b  (MF) Coal 

- 
- - 

Tgas 

Dense Phase w 

Coal (200°F) 

70% + 200 mesh, INJECTOR 

0.0028 1b mole H2 
l b  Coal 
(as rec 'd )  

b 

Tmlx = 1600°F 

- v - 

HYDROGASIFICATION 
REACTOR 

L 

Tproduct gas = 1800°F 
and char 

4 

Y 



ROCKWELL HYDROGASI FIER OPERATING POINT ANALYSIS 

CASE I V :  HIGH BENZENE YIELD 

1. COAL CHARACTERISTICS 

Type: Kentucky No. 9 
As 

Ul timate Analysis: Received Dry 
% Moisture 5.4 - 
% Carbon 69.54 73.51 

% Hydrogen 4.80 5.07 

% Nitrogen 1.25. 1.32 

% Sulfur 2.73 2.89 

% Ash 8.28 8.75 

% Oxygen (by 8.00 8.46 
d i  f ference) 

Ne t  Heating value: As-Received !?EX 
Btu/ l  bm 12,700 13,430 

2. FEED RATES, NORMALIZED PER LB (MF) COAL 

0.441 l b  H,/lb (MF) coal ( a t  preburner i n l e t )  
L 

0.251 1b 02/1 b H2 ( for  1800'~ o u t l e t  reactor temperature) 

Elemental Breakdown, LB Element/LB (MF) Coal 

(MF) Coal Fezd 0.7351 0.0507 0.0846 0.0289 0.0132 

coal Moi s ture* 
(0.0204 1 b / l  b (MF) coal ) - 0.0023 0.0181 - - 
H2 Feed o 0.4410 - - - 
H2 Transport Gas - 0.0060 - - - 
O2 Feed o o 0.1107 - - 
TOTALS 0.7351 0.5000 0.2134 0.0289 0.0132 

*Dried t o  2 .OX moisture i n  coal pul  ve r i  zat ionldryfng un i t .  



3. REACTOR CONDITIONS 

Hydrogen In1  e t  Temperature 1500°F 

Oxygen I n l e t  Temperature 300°F 

Coal I n1  e t  Temperature 20o0F 

Reactor Out le t  Temperature 1800' F 

Reactor Ou t l e t  Quench Temperature 

Reactor Pressure 

Residence Time 
993 ps ia  

4. ASSUMPTIONS 

Coal S- H2S 

Coal N - NH3 

Coal 0 + GO2--CO + C02 + CHAR 0 + H20 ( d i f f ) .  

5. PRODUCT COMPOSITION 

a. Overal l  Carbon Conversion 

= 55.2% "c, ove ra l l  

Where: "c-~enzene = 0.114 

"C - l i q u i d  = 0.114 

Tc - ~ o l  uene = 0.00 

"c- CO,, = 0.004 

b. Char Composition 

C 75.34 

H 1.78 

N 1.17 

s 1.44 
Ash 20.02 

0 0.40 



c. Product Gas Composition 

Species 1 b / l  b (MF) Coal Moles/ l  b (MF) Coal Moles % 

d . Elemental Balances 

(1) - Ash: 0.0875 l b  Ash l lb  (MF) Coal l b  Char 0.2002 1b Ash/lb Car = 0*4371 l b  (MF) coal 

(2)  Carbon: i n  Char = 0.3294 l b  

i n  Benzene = 0.0838 

i n  CH4 = 0.2867 

i n  CO = 0.0323 

i n  Cop = 0.0029 

0.7351 (100.00%) 

(3)  Oxygen: i n  Char = 0.0017 l b  

i n  CO = 0.0431 

i n  C02 = 0.0077 

i n  H20 (d i f f )  = 0.1609 

0.2134 

(4) Su l fur :  i n  Char = 0.0063 I b  

i n  HpS ( d i f f )  = 0.0226 

0.0289 



(5 )  Ni troqen: i n  Char . = 0.0051 1b 
i n  NH3 ( d i f f )  = 0.0081 

0.0132 

(6)  Hydrogen : i n  .char = 0.0078 l b  
i n  H2S = 0.0014 

i n  NH3 = 0.0017 

i n  CHq = 0.0956 

I n  C6H6 = 0.0070 

i n  H20 = 0.0201 

as Hp ( d i f f )  = 0.3664 



APPENDIX D - ANALYSIS OF HIGH BENZENE YIELD CASE 

D.l INTRODUCTION 

The cost  o f  gas required f o r  economic breakeven i s  sens i t i ve  t o  the quant i ty  

and value o f  the l i q u i d  product produced. Further t e s t i n g  by Rockwell Interna- 

t i o n a l  has resul ted i n  carbon t o  l i q u i d  y i e l d s  o f  11.4% using Kentucky No. 9 

bituminous coal (see l e t t e r  from the Energy Systems Group, Appendix C). P e r t i -  
nent experimental condi t ions are sumnarized i n Table D.1. The operating requi re-  

ments and thermal e f f i c i ency  of a p lant  operated a t  these condi t ions using 

P i t tsburgh No. 8 coal are sumnarized i n  Table D.2. 

D. 2 BY-PRODUCT VALUATION 

Several fac to rs  inf luenced t h e  value o f  the  l i q u i d  product : i t s  demand, i t s  com- 

pe t i t i on ,  i t s  qua l i t y ,  and i t s  marketing.( l)  

The demand f o r  chemical grade benzene i s  expected t o  r i  se from 1980 1 eve1 s o f  

about 1700 MM gal lyear  t o  2500 MM gal lyear  by 1985, an increase o f  about lO%/year. 

A large por t ion  o f  t h i s  growth i s  expected t o  be met by hydrodealkylat ion o f  

toluene, which i s  also i n  demand as a gasol ine blending stock. Demand f o r  
chemical grade benzene seems assured. 

Current Sources o f  benzene are r e f i n e r y  reforming , o l e f  i n processing , coal t a r  

processi ng, and to1  uene hydrodeal k y l a t  ion. . About two-thi rds o f  t he  demand i n- 

crease i s  expected t o  be met by hydrodeal k y l a t i o n  o f  toluene, leading t o  a t o t a l  

to1 uene consumption o f  850 MM gal lyear  by 1985. Each 250 b i l l  i on  Btulday SNG 

p lan t  operated a t  11.4% conversion t o  benzene would accommodate 3.8% o f  ,1985 

demand leve ls  ( ignor ing losses i n  upgrading). Ten such p lan ts  cou ld  thus sup- 

p lan t  a1 1 t he  benzene produced by hydrodeal k y l a t i o n  of toluene. Coal l iquefac-  

t i o n  from other sources may become commercially competi t ive i n  the  same t ime 

frame as the  Rockwell process, fu r the r  enhancing t h e  supply o f  aromatics. 

Supply and demand analyses are based on an independent study performed by 

Jack Dart Associ ates f o r  Rockwell In ternat iona l .  



Table D.1 Reactor Conditions f o r  Case studies(1) 

Base Zero 

Case - Liquids Case 

Hydrogen I n l e t  Temperature. OF 1500 1500 

Oxygen I n l e t  Temperature, OF 200 200 

Coal I n l e t  Temperature, OF 200 200 

Reactor Out1 e t  Temperature, OF 17 00 1900 

Reactor Pressure, ps ig  

Residence Time, m i l  li seconds 

Hydrogen Feed Rate, 1 b Hz11 b(MF) coal  0.319 0.366 

Oxygen Feed Rate, l b  021lb Hz 0.157 0.224 

Overal l  Carbon Conversion, % 56.8 62.7 

Carbon Conversion t o  Benzene, % 5.8 - 

High Benzene 

Y ie ld  Case 

Refer to Appendix A and Appendix C. 



Table 0.2 Operating Requirements and Thermal Ef f ic iency 

ENERGY OUTPUT 

Raw Mater ia ls  

QUANTITY 

B i  tumi nous Coal 19,778 ST/D 
(as rece i  ved) 

Water 15,848 GPM 

Tota l  Input  

ENERGY OUTPUT 

SNG Product 

Byproducts 

Su l f u r  636.73 ST/D 
Benzene 6,800 BPD 
Ammo n i a 150.66 ST/D 

Total ,  Output 

Cold Gas E f f i c i ency :  250.00 
490.29 = 51.0% 

HHV - 

13,186 B tu / l  b 
(MF Basis) 

- 

BILLION BTU/DAY 

Plant  Thermal E f f l  clency: 295.49 
490.29 = 60.3% 



Commerci a1 i z a t i o n  o f  coal conversion processes has the  po ten t ia l  o f  g l  u t t i  ng 

the  benzene market. I n  the  short  run, t h i s  w i l l  d r i v e  down the  pr ice,  as d i d  

t he  oversupply i n  1976 through 1978. The long run e l a s t i c i t y  of demand may be 

such t h a t  t he  demand w i l l  r i se ,  b r i  nging the  p r i ce  back up. 

Before benzene va luat ion a t  chemical pr ices i s  used, however, i t  must be shown 

t h a t  the  1 i qu id  by-products can economical l y  be upgraded. I n i t i  a1 t e s t s  repor t  

1 i q u i d  products o f  99% benzene. The po ten t ia l  contaminants (cycl  opentane, cyc l  o- 

hexane, phenol, methylnapthalene, propylbenzene, and thiophene) may have a s i gn i -  

f i can t  impact on the  upgradi ng necessary. Increasing 1 i q u i d  y i e l d s  increase t he  

probable amounts o f  napthalenes and heavy paraf f ins.  

Upgradi ng t h e  benzene w i  1 1 probably requi  r e  hydrodeal ky la t ion ,  napthal ene re- 

moval, and benzene f rac t ionat ion.  The cost o f  these un i t s  i s  estimated t o  be 

.between 10 and 30 m i l  l i o n  dol lars.  Increasing l i q u i d  y i e l d s  increase the  amount 

o f  impur i t ies.  Addi t ional  impur i t i es  requ i re  more severe benzene upgradi ng. 

The increased sever i ty ,  i n  turn,  requires the use o f  more hydrogen and thus 

requires t h a t  the hydrogen p lant  be enlarged. 

Benzene i s  subject t o  deter iora t ion,  which means t ha t  an assured buyer i s  

necessary. Even i f  de te r io ra t ion  o f  the  benzene can be inh ib i ted ,  more storage 

area would be necessary i f  the  market shoul d preclude sal e o f  the product, o r  

i f  t ranspor ta t ion could not  be arranged f o r  whatever reason. A long term con- 

t r a c t  would insure the  presence o f  a market but could requ i re  a s a c r i f i c e  i n  

the p r i ce  obtainable. 

A new benzene suppl ier  would probably be a t  a disadvantage i n  the marketing o f  

benzene. He might have t o  provide exceptional q u a l i t y  assurance and provide 

f inanc i  a1 i nducements through a lower than market pr ice.  A corporat ion operating 

one o r  two o f  these plants e i t h e r  would not  be producing enough t o  gain t he  re -  

pu ta t lon  necessary t o  receive top pr ices o r  would have i t s  production committed 

by cont ract  before gai n i  ng the  reputat  ion. 



U t i l i t i e s  are expected t o  cons t i t u t e  a la rge  f r a c t i o n  of t he  operators of these 

plants. They may have ne i the r  t he  exper t ise  nor t he  i n t e r e s t  t o  enter  the  

chemical grade benzene market. Even i f  t h e i r  p lan ts  produce la rge  quan t i t i es  

o f  benzene, they may have l i t t l e  i ncen t i ve  t o  market the  benzene aggressively 

i f  t he  by-product c r e d i t  i s  used merely t o  o f f s e t  operat ing costs i n  t h e i r  r a t e  

se t t  i ng procedures. 

For a1 1 these reasons -- t h e  impact o f  t r u e  commercial izat ion o f  coal conversion 

on the  supply o f  benzene, po ten t i a l  problems w i t h  t h e  q u a l i t y  and value o f  the  

benzene, and possib le i n a b i l i t y  and d i s i n t e r e s t  o f  the  operators t o  ob ta in  f u l l  

market p r i c e  -- UOP/SDC advises conservatism i n  t h e  valuat ion o f  by-product 

c red i t s .  The base case and t h e  h igh y i e l d  case both use $0.90/gal as the  base 

value o f  l i q u i d  product. This i s  a value appropriate f o r  gasoline blending 

stock, a much l a r g e r  market. 

D.3 COST OF GAS CALCULATIONS 

Gas cost  was evaluated by p ro ra t ing  from t h e  base case. The scale-up f a c t o r  

used i s  the  average o f  those obtained us ing the  increased use o f  coal and o f  

hydrogen. Mater ia l  balances were based on P i t t sburgh  No. 8 coal,  not  t h e  

Kentucky No. 9 coal  used i n  the  Rockwell tes t .  Benzene upgrading i s  assumed 

t o  con t r ibu te  1% t o  operat ing costs and 0.6% t o  cap i t a l  costs. Tables D.3 and 

D.4 show the r e s u l t s  o f  these calculat ions.  

With t h e  benzene valued a t  $0.90/gal, t h e  h igh y i e l d  case has a cost o f  gas o f  

$4.38/M Btu (UFM) and $6.48/MM Btu (DCFM), versus respect ive  values o f  $4.43 

and $6.42 f o r  t he  base case. As t h e  benzene i s  valued more h igh ly ,  t h e  economics 

become much more favorable t o  t he  h igh y i e l d  case. For benzene a t  $2.00/gal, 
t he  h igh y i e l d  case has COG f i gu res  o f  $3.14 (UFM) and $5.23 (DCFM) , as opposed 

t o  base case values o f  $3.80 and $5.86. 

It may be noted t h a t  f o r  benzene a t  $O.SO/gal, t h e  UFM and DCFM ca lcu la t ions  

give c o n f l i c t i n g  comparisons between t he  base and h igh y i e l d  cases. This 

apparent discrepancy i s  due t o  t h e  d i f f e r e n t  treatment o f  costs between UFM and 



Table 0.3 High Benzene Y ie l d  Economics ( $  x 1061 

(page 1 o f  2) . 

Capi t a l  Requirement 

Tot a1 P lant  Investment 

Royal t ies 

S ta r t  Up and Preproject Expense 

I n i t i  a1 Catalyst and Chemical Inventor ies 

' .  Spare Par ts  Inventor ies 

Tot a1 Capi t a1 Requirement '(DCFM) 

Land (UFM) 

Accumulated In te res t  on Construct ion (UFM) 

Worki ng Capital 

Worki ng Capi ta l  

Coal (35 days) 

Water (7 days) 
Benzene (14 days) 

Ammonia (14 days) 

Su l f u r  (52 days) 

Fuel O i l  (14 days) 

Operating Inventory 

Gross ~ p e ' r a t i n g  Cost (30 days) 

Tot a1 Worki ng Capi t a1 



Table 0.3 Hi  gh Benzene Yi'eld Economics ( 8  x 1000) 

(page 2 o f  2) 

Gross Operating Costs 

Coal 

Catalysts and Chemicals 

Water 

Labor - Operating 

- Supervisory 

General and Administrat ive Expense 

Operating Supplies 

Maintenance Mater ia l  and Labor 

Taxes and Insurance 

Waste Disposal 

Total Gross Operating Cost 

By-Product Credi ts 

Su l f u r  

Benzene 

Ammo n i a 

Tot a1 By-Product Credi t  

Net Operating Costs (UFM) 

i n te res t  on Land and Working Capi ta l  (DCFM) 

Net Operating Costs (DCFM) 



Table D.4 Gas Cost Comparison 

Coal Cost, $/MM Btu 

.75 
1.00 (Base) 
1.25 
1.50 

Rate o f  Return, % 

12 (Base) 
15 

C a p i t a l  Investment, $MM 

-200 
Base 
+zoo 
+400 

Coal Requirement, X o f  Base 

90 
Base 
110 
120 

Benzene ~ a l  ue, $/gal 

0.90 (Base) 
1.55 

Base Case 
UFM DCFM - - 

High, Y i e l d  Case 

UFM - - DCFM 



DCFM. The high y i e l d  case has lower net operating costs and higher cap i ta l  
costs. I n  the  UFM ca lcu la t ion,  the  lower operating cost  dominates, so the cost 

of gas i s  less. I n  t h e  DCFM calculat ions., t h e  higher cap i ta l  cost has more 

weight, so the cost o f  gas r ises.  

These f igu res  are based on several assumptions and should be used w i th  care. 

No considerat ion was given- t o  the  dif ference i n  feed coals. The amount f o r  

benzene upgradi ng i s approximate, based on incomplete character izat ion o f  the 

l i q u i d  products. The h igh hydrogen requirement for  the high y i e l d  case may be 

brought down i n  the f u tu re  experiments. The cost  o f  gas i s  sens i t i ve  t o  

gross operating costs, so t ha t  a  10% change i n  operati  ng costs leads t o  a  

$0.31/MM Btu change i n  COG - about 5%. Depending on the  optimism w i th  which 

the benzene market i s  viewed, the  h igh y i e l d  case has a  cost o f  gas e i t h e r  

roughly equivalent t o  o r  s i g n i f i c a n t l y  less  than t h e  cost of  gas i n  the  base 

case. 




