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ABSTRACT

The investigation of various Two-Stage Liquefaction (TSL) process
configurations was conducted at the Wilsonville Advanced Coal

Liquefaction R&D Facility between July 1982 and September 1986.

The primary objective of the r'gSL program has been to develop a
commercially feasible method for conversion of coal to residual
oils or distillate fuels.

w

The facility combines three p1:ocess units. There are the

liquefaction unit, either thermal (TLU) or catalytic, for the

dissolution of coal, the Critical Solvent Deashing unit (CSD) for

the separation of ash and undissolved coal, and a catalytic

hydrogenation unit (HTR) for product upgrading and recycle

process solvent replenishment. The various TSL process configu-
rations were created by changing the process sequence of these

three units and by recycling hydrotreated solvents between the
units.

This topical report presents a description of the TSL con-

figurations investigated and an analysis of the operating and

performance data from the period of study. During this period,
Illinois No. 6 Burning Star Mine coal and Wyodak Clovis Point

Mine coal were processed. Cobalt-molybdenum and disposable

iL'on-oxide catalysts were used to improve coal liquefaction
reactions and nickel-molybdenum catalysts were used in the

hydrotr eat er.

Both placing the CSD after the second stage (HTR) a,ld ash recycle

significantly improved process performance. The distillate yield
improved to 70 wt % MAF coal. The organic rejection reduced to 9
wt %. Coal conversion improved to 95 wt %.



I. BACKGROUND AND INTRODUCTION

BACKG ROUND

Operations at the Advanced Coal Liquefaction R & D Facility at

Wilsonville, Alabama, are funded by the U. S. Department of
Energy (DOE) and the Electric Power Research Institute (EPRI).

Southern Company Services, Inc. (SCS) manages the Wilsonville

program on behalf of DOE and EPRI. Catalytic, Inc. operates the
facility under a subcontract with SCS.

The facility combines three process units: a liquefaction unit

either thermal (TLU) or catalytic, a Critical Solvent Deashing

(CSD) unit, and a catalytic hydrogenation (HTR) unit. The TLU

was designed by Catalytic, Inc., using technology initially

developed in Germany and later refined by the Pittsburg and
Midway Coal Mining Co Until November 1985, with the inception of

close-coupled operations, this unit was used for coal dis-
solution. Since that time the TLU has been used for coal

preparation, gas scrubbing and recompression and solvent distil-

lation, q_e CSD unit was designed and developed by the Kerr-McGee

Corporation. The HTR unit uses H-Oil® technology, developed by
Hydrocarbon Research, Inc. (HRI), and was constructed by

Catalytic, Inc. The HTR unit has been modified by Catalytic,

Inc. to allow close-coupled operations. The modification pri-

marily consisted of adding a new reactor in close proximity to

the existing HTR reactor. These close-coupled reactors can be
used for both the thermal-catalytic and the catalytic-catalytic

.uodes of operation. The two reactors are commonly referred to as

the ist and 2nd stage reactors. The combined three-unit system
is generally known as a Two-Stage Liquefaction (TSL) process.

The TSL process is an advanc_d coal liqu ,-,_,,_.tion concept, where

the severities in the ist and 2nd stages ,,_dybe independently

varied_ allowing for improvement in product slate flexibility as

compared with single-stage liquefaction. Accordingly, a heavy
fuel oil wi_h low sulfur may be produced, or alternatively,

emphasis may be placed or, maximum production of low nitrogen

distillate products with efficient hydrogen utilization.

INTRODUCT ION

This report presents a process configuration analysis of TSL
system process operating and performance data generated at

Wilsonville between July 1982 (Run 241) and September 1986 (Run w

251). During this period, five different process configurations

were investigated by changing the process sequence of the three
units (TLU, CSD and HTR) and by recycling hydrotreated process

solvent between the units. Section II provides f,lrther details "
of each configuration listed below:



• NTSL (Non-Integrated Two-Stage Liquefaction)

• ITSL (Integrated Two-Stage Liquefaction)

• DITSL (Double-Integrated Two-Stage Liquefaction)

• RITSL (Reconfigured-Integrated Two-Stage Liquefaction)

• CC-ITSL (Close-Coupled Integrated Two-Stage Liquefaction)

Reports of several small-scale TSL process development studies

can be found in the literature. Lummus and Cities Service

studied the ITSL process (Ref. I) and the RITSL process (Ref. 2)
HRI and Chevron investigated the CC-ITSL process (Ref. 3).

The process performance of the TSL system and of each unit has

been fully analyzed in the various Technical Progress Reports
(Refs. 4-14). Recent development results have been published
(Refs. 15-19).

Fifteen representative stable operation periods were selected for

the analyses of process configuration comparison data. These are

detailed in Section III Process Operating Details. In addition,

twelve operating periods were studied for specific comparisons of
certain configurations and process variables.

The following major process parameters were evaluated during
these selected periods:

• Coal type

- Illinois No. 6 Burning Star Mine
-Wyodak Clovis Point Mine

• Operation mode

- Thermal-catalyt _c
- Catalytic-catalytic

• Solids recycle

• Reaction temperature (average)

- Ist stage (790 to 835°F)

- 2nd stage (620 to 780°F)

• Inlet hydrogen partial pressure

- ist stage (2100, 2600 psia)
- 2nd stage (2600 psia)

• Coal space rate (low to high)



• Feed space velocity

- isr stage (2.7-4.2 ib feed/hr-lb cat)

- 2nd stage (0.6-3.8 ib feed/hr-lb cat)

• Catalyst type and age

m

- ist stage

Amocat lA (Co-Mo) 1/16" bimodai

age, 2800 ib(resid+CI)/Ib cat

Fe203 as a disposable catalyst

- 2nd stage

Armak-Ketjen (Ni-Mo) 1/32" unimodal

age, 390 ib (resid+CI)/ib cat
Shell 324 (Ni-Mo) 1/32" unimodal

age, 1800 ib(resid+CI)/ib cat

Amocat lC (Ni-Mo) 1/16" bimodal

age, 2800 ib (resid+CI)/ib cat

• CSD deashing solvent (DAS) type

- 2100-3100-4100
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II'. DESCRIPTION OF CONFIGURATIONS

Five different TSL process configurations were investigated

between July 1982 and Se[;tember 1986 by changing the sequence of
the three process units and by recycling hydrotreated solvents

between the units. This section provides details of each

configuration. Figures 1-7 are block diagrams of the various

configurations. Figures 8-10 are schematic flow diagrams of the
" TLU, HTR and CSD process units. Figure ii is a sc:nematic of the

CC-ITSL system.

The ITSL configuration involves the recycle of the atmospheric

flash bottoms stream from the HTR to the TLU, and/or recycle of
hydrotreated resid and distillate solvent to the TLU. The NTSL

configuration does no_ recycle any p_cess streams from the HTR

to the TLU. For ITSL and NTSL the p_ocess unit sequence is TLU,
CSD and HTR.

C

The RITSL and CC-ITSL con_igurations employ a different process
unit sequence, namely, Ist stage I, 2nd stage and CSD. Accor-

dingly, the hydrotreating catalyst is exposed to an ash, UC, and

preasphaltene-riuh environment in the RITSL and CC-ITSL configura-
tions. RITSL was a step ii_ the process development towards

CC-ITSL. CC-ITSL has several process advantages, compared to
NTSL and ITSL, such as (i) smaller CSD unit required, (2)

reduction of fractionation equipment and (3) improved product
quality.

In addition, CC-ITSL can employ a highly active catalyst in the

Ist stage reactor, which leads to a high TSL C4+ distillate
yield, high product quality and low catalyst requirement.

The key features of each configuration are described below:

(i) NTSL (Non-Integrated Two-Sta eg_e___Liquefaction ) (Figure i)

• Process operating sequence is TLU, CSD and HTR.

• The TLU and HTR are decoupled, without recycle of HTR
products back to the TLU.

• Deashed heavy thermal resid is fed to the HTR, along
with hydrotreated distillate solvent. Deashed light

thermal resid is recycled back to uhe TLU, along with
thermal distillate solvent.

. 1 In the CC-ITSL mode, the reactor associated with coal

dissolution is rene?red to as the ist stage rather than the
TLU reactor. Similarly the HTR reactor is referred to as the
2hd stage.
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• Process is suitable for the production of high quality
residual utility fuels (No. 6 fuel oil equivalent).

• Armak-Ketjen (Ni-Mo) 1/32" unimodal catalyst was used
for the batch deactivation study in the HTR.

(2) ITSL (Integrated Two-Stage Li_u_gfaction) (Figure 2)

• Process operating sequence is TLU, CSD and HTR.

• The TLU and HTR are coupled, with recycle of the atmos-
pheric flash bottoms from the HTR to the TLU.

• Deashed thermal resid and thermal distillate solvent
are fed to the HTR.

• Process is suitable for the production of "all-
distillate" product.

• Three different reactor types were tested in the TLU:

Sho_t Contact Time (SCT), Low Contact Time (LCT) and
High Contact Time (HCT).

• Shell 324 (Ni-Mo) 1/32" unimodal catalyst was used for

the batch deachivation study in the HTR and for the

equilibrium catalyst activity run (commercial plant
operation simulation by employing catalyst addition and
withdrawal in the HTR).

• Iron oxide was used as a disposable catalyst in the TLU

to improve coal conversion with Wyodak subbituminous
coal and to promote resid conversion for several LCT
runs with Illinois No. 6 bituminous coal.

(3) DITSL (Double.-Inteqrated Two-Stag_e_T.' !lefaction) (Figure 3)

• Process operating sequence is _ , CSD and }{TR.

• The TLU and HTR are coupled, with recycle of the atmos-
pheric flash bottoms from the HTR to the TLU.

• Deashed light thermal resid and thermal distillate

solvent are fed to the [{TR. Deashed heavy thermal
resid is recycled back to the TLU, alorg with the
atmospheric flash bottoms from the }{TR.

• Process is suitable for the production of "all-
distillate" product.

• Potential advantages are that a smal]er hydrotreater
might be possible and a catalyst deactivation rate

could be reduced because only the light thermal resid
stream is hydrotreated.



• Shell 324 (Ni-Mo) 1/32" unimodal catalyst was used for

the batch deactivation study in the HTR.

• Iron oxide was u_ed as a disposable catalyst in the TLU
to improve coal conversion with Wyodak subbituminous

coal and to promote resid conversion with Illinois No.
6 bituminous coal (LCT runs).

(4) RITSL (Rec0nfigured-Integrated Two-Stag e Liquefaction)

!Figure 4)

• Process operating sequence is TLU, HTR and CSD.

• The TLU and HTR are coupled, with recycle of deashed

resid from the CSD and hydrotreated distillate solvent
from the HTR in the operation mode withot_t solids

recycle. In the operation mode with solids recycle,

the TLU and HTR are coupled, with recycle of the
atmospheric flash bottoms from the HTR to the TLU.

• Products fro_ _ th_._TLU are sent directly to the HTR
without prior deashing in the CSD. Thermal distillate

solvent and v_icuum bottoms are fed directly to the HTR.

HTR vacuum bottoms are sent to the CSD in the operation

;node without solids recycle, and deashed resid is then

recycled to the TLU along with hydrotreated distillate

solvent. In the operation mode with solid recycle, HTR

vacuum bottoms are used as an ash purge stream without
CSD operation.

• This configu_'ation is an intermediate step between the
ITSL and CC-ITSL process developments. It does not

completely simulate CC-ITSL because of interstage
depressurlzing between the TLU and the HTR.

• Process is suitable for the production of high quality
"al 1-di st iflat e" product.

• Program was designed to study the catalyst deactivation
rate with non-_leashed feed to the HTR and the CSD

deashing performance with hydrotreated feed to the
CSD.

• ll_ the operation mode with solids recycle, an alternate
deashing method was tested.

e Shell 324 (Ni-Mo) 1/32" unimodal catalyst was used for
the batch deactivation study in the HTP..

• Iron oxide wa_ _:_sed as a disposable catalyst in the 'FLU

to improve coal conversion with Wyodak subbituminous
coal.

I



(5) CC-ITSL (Close-Coupled Integrated Two-Stage Liquefaction)
i(Figures 5, 6 and ii)

o Process operating sequence is Ist stage, 2nd stage and
CSD.

, • Two reactors (ist and 2nd stages) are directly coupled
without any pressure letdown.

• Ist and 2nd stages are coupled, with recycle of deashed
resid from the CSD and hydrotreated distillate solvent

from the 2hd stage in the oi)eration mode without solids

recycle. In the operation l_1ode with solids recycle,

Isr and 2hd stages are coup.] ed, with recycle of the

atmospheric flash bottoms from the 2hd stage to the ist

stage_ along with deashed resid from nhe CSD and hydro-
treated distillate solvent from the 2nO stage, if
necessary.

• Process is suitable for the production of high quality
"all-distillate" product.

• Potential advantages are: a smaller CSD might be

possible due to solids recycle and high resid conver-

sion reactivity in the 2hd stage, requirements of

fractionation equipment could be reduced increasing

process thermal efficiency and product quality might be

improved because of high resid conversion reactivity
without cooling, depressurizing and deashing between
reaction stages.

• Amocat lA (Co-Mo) 1/16" bimodal catalyst was used for

the batch deactivation study in the ist stage in the

catalytic-catalytic mode of operation.

• Sh<[l 324 (Ni-Mo) 1/32" unimo_1_] catalyst and Amocat IC
(Ni-Mo) 1/16" bimodal catalyst ;ere used for the batch

deactivation study in the 2hd :_tage.

• Iron oxide was used as a ist stage disposable catalyst
to improve coal conversion with Wyodak subbituminous
coal.



III. PROCESS OPERATING DETAILS

Run objectives, operating details an(] the selection of represen-
tative stable operation periods for each configuration are
discussed in this section.

" Detailed run operating procedures and conditions were reported "n

Technical Progress Reports Run 241 to 251 (Refs. 4-14). Figure 7

presents TSL configurations tested at Wilsonville during Run 241
to Run 249, which are NTSL (Run 241), ITSL (Runs 242, 24 _ 244, !

245, 246 and 248), DITSL (Runs 246 and 248), and RITSL (Runs 247
and 249 ).

The CC-ITSL configuration was tested at Wilsonville during Runs
250 and 2_i with two dif[erent operation modes namely thermal

(ist stage) - catalytic (2nd stage) and catalytic-catalytic.

(i) NTSL (Non-Inteqrated Two-Sta eg__Liquefaction)

Run 24]. (25 July - ii November 1982) wa_: ....,TSL run processing
Illinois No. 6 Burning Star MJne coal. The objective of this run

was the operation of TLU, CSD and HTR to optimize fuel oil

production with maximura thermal resid recovery at the CSD. Four

overall special product workup periods were selected (241A-D) and

process performance data were analyzed in detail. A good quality
No. 6 fuel oil blend product was produced with 0.12 wt % sulfur
and 0.84 wt % nitrogen content (Refs. 4, 20). Runs 241C and D

performance data are selected for representative yield structures

in the NTSL configuration anl are compared to other configu-

rations in Section IV. Process Performance Data Comparisons.

(2) ITSL (Inteqrated Two-Staqe LicLu_e__faction)

ITSL has been the most studied configuration at Wilsonville. Six

runs from Run 242 to Run 248 (21 November 1982 - 5 May 1985)

excluding RITSL Run 247 were studied to optimize process vari-

ables in the ITSL configuration. Main emphases were on reaction
temperature, hydrogen partial pressure, reaction residence time

and HTR catalyst age effects on process performance, to determine

optimum process variables for a commercial plant design. Three

different reactor types in the TLU _ere tested as shown below:

Reactor type SCT I]/__2 HCT

Run 242 248 243,244,245

Dimension I I/4"(Sch 160)x606'I_ 5. 2"II>x23'H 12"IDx23'H

" preheater coil tuk_e ne_ dissolver original dissolver

The objective of th_se runs was t.) oj_timize "all-distil.late"

. product production. Illinoi,_ No. 6 Burning Star Mine coal was

processed during Runs 242, 2%3, 244, 245 and 248, and Wyodak



Clovis Point Mine coal was processed during Run 246. C4+ distil-
late yields were high, 54-59 wt % MAF coal with Illinois No. 6
bituminous coal (Refs. 5, 6, 7, 8, Iii, and 53 wt % MAF coal with

Wyodak subbituminous coal (Ref. 9).

Run 245 was a proof-of-concept run to simulate a commercial plant
operation by employing catalyst addition and withdrawa_ in the °

HTR. Overall performance was maintained during three months of

operation with aged HTR catalyst by replacing it at a rate of 1

Ib of fresh catalyst per ton of coal feed. Run 245 confirmed
process performance with what was effectively an equilibrium

catalyst. The run provided a good estimate of steady-state

performance from typical Illinois No. 6 coal. C4+ distillate

yields were generally greater than 58 wt % MAF coal. The

majority of this product boils above naphtha, the range of
interest for utility applications, and has a low-heteroatom and

high hydrogen content compared to that of single stage catalytic
processes. It appears that a major portion of the ITSL liquid

would be particularly well suited for direct use by utilities

without further upgrading (Ref. 8).

Iron oxide and DMDS were added in the coal slurry during Run 248
to improve coal conversion and coal hydrogenation reactions_

Very high c4+ distillate was produced during Run 248D, that is,

64 wt % MAF coal. Iron oxide addition significantly improced TSL
process performance with Illinois No. o bituminous coal (Ref.

ii), as similarly observed during Run 246 with Wyodak subbitu-
minous coal (Ref. 9).

Representative stable operation periods for the I%SL configu-

ration are selected as follows, based on TSL [ "ocess

performance and are compared to other cow,figurations in Section

IV Process Performance Data Comparisons.

i

I0



Operating Period Selected for

Run Period Configurat ion Comparison Remarks

(Illinois Ne. 6 Burning Star)

. 242 A-D(4) 242BC SCT(a)

243 A-M(13) 24_JK/244B HCT(a)

244 A-G (7 )

245 A-H (8 ) 245BCDF HCT

Cat A/W (b)

248 C,D,F,G(4) 248D iCT(a)

Fe203 in slurry

!WYodak Clovis Point)

246 F,G, H (3) 246G HCT

Fe203 in slurry

(a) TLU reactor types: SCT for short contact time,

LCT for low contact time, and

HCT for high contact time.

(b) Catalyst addition and withdrawal in the 2nd stage.

(3) DITSL (Double-Inteqrate_ Two-Sta_ge Liquefaction)

DITSL was studied at Wilsonville ]uL-ing Run 248 (8 Feb - 23 March

1985) with Illinois No. 6 Burning Star Mine coal and during Run 246

(31 March - 9 June 1984) with Wyodak Clovis Point Mine coal. The LCT
reactor was used in the TLU for Run 248 and the HCT reactor was used

for Run 246. Iron oxide was added to the coal slurry to improve coal

conversion and coal hydrogenation reactions. The objective of those

runs was to produce "all-distillate" product in the DITSL configu-

ration. C4+ distillate yield was high, 49-56 wt % MF coal, with

Wyodak subbituminous coal during Run 246 (Ref. 9). With Illinois

bituminous coal during Run 248, the C4+ distillate yield was low and

the preasphaltene content was high in resid streams (Reference Ii).

Raising the hydrotreater reaction temperature could increase the C4+
distillate yield by converting the excess resid produced in the

hydrotreater. However, the temperature increase _, the hydro-

treater would not lower the preasphaltene content in the CSD TR and

prevent the preasphaltene buildup in the TLU. For DITSL to be a

viable TSL process, the preasphaltenes must be converted in the

TLU to produce distillate products.

Representative stable operation periods for the DITSL configu-

ration are se].ected as follows based on TSL process performance

and are compared to other configurations in Section IV Process

Performance Data Comparisons.
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Operating Period Selected for

Ru___nn Co al Period Conf iqur ation Compari son Remark

248 Illinois No. 6 A(1) 248A LCT

Fe203 in slurry

246 Wyodak A-E (5) 246DE HCT

Fe203 in slurry

w

(4) RITSL (Reconfigured-Inteqrated Two-Stage liquefaction )

RITSL was a step in the process development leading to CC-ITSL.

RITSL does not completely simulate CC-ITSL because of interstage
depressurizing between the TLU and the HTR.

Run 247 with Illinois No. 6 Burning Star Mine coal (2 Sept 1984 -
6 Jan ].985) and Run 249 with Wyodak Clovis Point Mine coal

(I June - 18 Sept 1985) were tested at Wilsonville to study
catalyst deactivation with non-deashed feed to the HTR and to

study the CSD deashing performance with hydrotreated feed to the

CSD. The objective of these runs was to simulate TSL process
performance in the CC-ITSL configuration. The HCT reactor was

used in the TLU for both runs and a forced-backmixing pump was

installed in the TLU during Run 249 to improve dissolver mixing
with Wyodak subbituminous coal. Iron oxide was added to the coal

slurry during Run 249 to improve coal conversion and coal hydro-

genation reactions. During part of Run 249 an alternate deashing
method was tested. Solids were recycled and ash removed in the
vacuum bottoms.

C4+ distillate yield was high, 55-62 wt % MAF coal, with Illinois

bituminous coal (Ref. i0) and 53-57 wt % MAF coal with Wyodak
subbituminous coal (Ref. 12).

Representative stable operation periods for the RITSL configu-
ration are selecte_ as follows based on TSL process performance
and are compared to other configurations in Section IV Process

Performance Data Comparisons.

]2



Operating Period Selected for

Ru___n_n Co aI Period Con figur ation Comp arisons Reinark

247 Illinois No. 6 C-II,D,G-I(3) 247D HCT

249 Wyodak D,E,F,H (4) 249E HCT

Fe203 in slurry

249H_ HCT

Fe203 in slurry
" Solids recycle

(5) CC-ITSL (Close-Coupled Integrated Two-Stacle Liquefaction)

CC-ITSL is the most advanced TSL configuration in the currently
available direct coal liquefaction technology. CC-ITSL has
several process advantages compared to NTSL and IT_L, such as (I)

smaller CSD unit, (2) reduction of fractionation equipment, (3)

high process thermal efficiency, (4) improved product quality,
and (5) synergistic process performance improvements in the

catalytic-catalytic mo_i,_ of operatior_.

Run 250 (13 Nov 1985 - 19 Mar 1986) in the thermal-catalytic mode

of operation with and without solids recycle and Run 251 (27

April 30 Sept 1986) in the thermal-catalytic and catalytic-

catalytic modes of operation with solids recycle were studied to

optimize process variables in the CC-ITSL configuration.
Illinois No. 6 coal was processed during Runs 250 and 251-I and

Wyodak coal was processed during Run 251-II. Process variable
studies concentrated on the effects of reaction temperature,

reaction residence time, catalyst type, catalyst age and solids

recycle on TS[, process performance, to determine optimum process

variables for commercial plant design. A new close-coupled

reactor unit was installed prior to Run 250. This new ist stage
reactor is identical to the existing 2nd stage reactor.

The objective of these runs was to maximize the production of

high quality "all-distillate" product. Iron oxide was added in

the coal slurry during Run 251-II to improve coal conversion and

coal hydrogenation reactions. C4+ distillate was high, 54-65 wt

% MAF coal with Illinois bituminous coal in the thermal-catalytic
mode of operation (Run 250.) (Ref. 13) and very high, 58-70 wt %

MAF coal in the catalytic-catalytic mode of operation (Run 251-I)

(Ref. 14). With Wyodak subbituminous coal C4+ distillate was

high, 61 wt % MAF coal in the thermal-catalytic mode of operation
(Run 251-II).

Representative stable operation periods for the CC-ITSL configu-

ration are selected as listed below based on TSL process perfor-

mance and are compared to other configurations in Section IV

- Process Performance Data Comparisons.
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Operating Period Selected for

Ru___nn Coal Period Configuration Compari_sson__ss Re/harki

250 Illinois No. 6 A-E(4) 250D CC reactor

thermal-catalytic
d

F-H(3) 250G CC reactor

thermal-c at alyt ic

solids recycle w

251-I Illinois No. 6 A-G(7) 251-IE CC reactor

cat alyt ic-c at alyt ic

solids recycle

25 l-II Wyodak A-D (4) 25 I-IIB CC reactor

thermal-c at alyt ic

solids recycle

Fe203 in slurry

STABLE OPERATING PERIOD SUMMARY

A complete list of selected representative stable operating

periods for each configuration is as follows. These periods will

be compared and discussed in the following Section IV, Parts 1
thru 5.
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C onf igur at ion Co al Period Remark

NTSL Illinois No. 6 241CD HCT reactor

ITSL Illinois No. 6 242BC SCT reactor

• 243JK/244B HCT reactor

245BCDF HCT with Cat A/W

248D iCT with Fe203 in slurry

Wyodak 246G HCT with Fe203 in slurry

DITSL Illinois No. 6 248A ICT with Fe203 in slurry

Wyodak 246DE HCT with Fe203 in slurry

RITSL Illinois No. 6 247D HCT reactor

Wyodak 249E HCT with Fe203 in slurry

249H HCT with Fe203 in slurry

CC-ITSL Illinois NO. 6 250D CC reactor/thermal-catalytic

250G CC/th erm al- c at alyt ic/so Iids

recyc Ie

251-IE CC/c at alyt ic-c _talytic/solids

recycle

CC-ITSL Wyodak 251-IIB CC with Fe203 in slurry/thermal-

catalytic/solids recycle

Process operating conditions for the above selected periods for

configuration comparisons are summarized in the following tables.

Note that the fifteen periods have been grouped by coal type. Ten

of the fifteen periods are with Illinois No. 6 coal, and the

others are with Wyodak coal. Detailed operating conditions for

these periods can be found in Tables 3 and 4 (Appendix C).
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IV. PROCESS PERFORMANCE DATA COMPARISONS

This section presents a process configuration analysis of TSL

system process operating and performance data generated between
July 1982 (Run 241) and September 1986 (Run 251). The fifteen

representative stable operating periods detailed in Section III
are used for analysis in parts 1 thru 5 of this section. Twelve

additional periods were studied for _ "__ur_her detailed data

analyses of specific comparisons for different configurations and
process variables in parts 6 and 7 of this section.

TSL system process performance data for these periods are

summarized in the following tables. Detailed performance data

for these periods can be found in Tables 5 and 6 (Appendix C).
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(i) TSL System Process Performance_Comparisons

Theoretically, the optimum integration configuration for a

commercial plant would have the following process performance
charact erist ics.

• High C4+ distillate

• High hydrogen efficiencyP

• Low hydrogen consumption

• Low CI-C 3 gas selectivity

• Low organic rejection

• Low catalyst requirements

• Good product quality

The interactions of these performance characteristics are highly

complex. Advanced mathematical and statistical analyses are
required to better understand them in TSL system performance.

This type of study is not in the scope of this report. Mathe-

matical process modeling will provide better insights in under-
standing process variable interactions (Ref. 22).

Illinois No. 6 Coal Comparisons

As stated earlier, ten of the fifteen stable operating periods

under consideration were with Illinois No. 6 Burning Star Mine

coal. These periods are compar__d in the tables of TSL system

operating conditions and process performance data on pages 16 and

19. Figure 12 is a plot of TSL system process performance

characteristics versus TSL C4+ distillate yields.

The following are main observations for configuration comparisons
with Illinois No. 6 bituminous coal.

• CC-ITSL catalytic-catalytic mode of operation with

solids recycle (251-IE) prod_]ced the highest C4+
distillate, 70 wt % MAF coal.

• ITSL (243JK/244B, 248D, 242BC and 245BCDF) had higher

• hydrogen efficiency (11--12 ib C4+ dist/ib H 2 consumed)
than CC-ITSL, RITSL and NTSL. ITSL-LCT with iron oxide

addition in the coal slurry (248D) produced the highest

C4+ distillate, 64 wt % MAF coal, in the ITSL configu-
ration,

• ITSL-SCT (242BC) had the lowest CI-C 3 gas selectivity,
7% of C4+ dist, but had the highest organic rejection,
25 wt % MAF coal_
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• Solids recycle reduced the <_rganic rejection to 15 wt %
MAF coal (250G and 251-IE).

® NTSL (241CD) showed the lowest hydrogen consumption,

4.2 wt % MAF coal, but produced the lowest C4+ distil-
late, 40 wt % MAF coal_

CC-ITSL with solids recycle (250G and 251-IE) had th_: highest
two-stage coal conve_'sion, 93 wt % MAF coal, while I'ISL-SCT

(2_2BC) and NTSL (241CD) showed the lowest two-stage coal q

conversion, 87-88 wt % MAF coal. This low two-stage coal

conversion in ITSL-SCT and NTSL is probably due to a low severity

operation in the TLU and consequently unstable CSD feed being

repolymerize_ in CSD. In contrast, CC-ITSL with solids recycle

had the least repolymerization in the CSD and high TSL hydrogen

consumption. CSD feed is hydrotreated before deashing in the
CC-ITSL configuration. Repolymerization in the CSD was less

severe in the other TSL configurations (ITSL-LCT, ITSL-HCT, RITSL

and CC-ITSL without solids recycle) than ITSL-SCT and NTSL. In

Figure 13, as the TSL hydrogen consumption increases, the UC

increase in the CSD (repolymerization) decreases.

With the CSD after the second stage, RITSL (247D) and CC.-ITSL

(250D) reduced the UC increase in the CSD (repolymerization)
by approximately 1 wt % MAF coal, compared to ITSL (243JK/244B

and 245BCDF) with the CSD before the second stage. The organic

rejection was not significantly affected due to this improvement.

A maximum hydrogen efficiency (11.3 ib C4+ dist/ib H 2 cons.) was

observed at around 60 wt % MAF coal C4+ distillate yield in the
thermal-catalytic mode of operation and after that point, the

hydrogen efficiency rapidly declines as the C4+ distillate yield
increase_ (Figure 12). The addition of iron oxide in the coal

slurry significantly reduces the decline of the hydrogen effi-

ciency with an increase of 5 wt % MAF coal C4+ distillate yield.

This indicates that iron oxide catalyst is selectively involved

in the production of C4+ distillate with relatively small
additional hydrogen consumption. Therefore, the hydrogen

efficiency remains high with a higher C4+ distillate yield. In

the catalytic-catalytic mode of operation the hydrogen efficiency

declined a relatively small degree compared to the thermal-
catalytic mode of operation with a significant increase of II wt

% MAF coal C4+ distillate yield. This indicates that a synergism

in process performance improvements can be achieved by employing

catalysts in both stages. However, the hydrogen efficiency is

lower than that in the thermal-catalytic mode of operation with
iron oxide addition in the slurry. Further process studies are

required to improve the hydrogen efficiency in the catalytic-

catalytic mode of operation by elimination of over-hydrogenation.

A minlmum CI-C 3 gas selectivity to C4+ distillate (7% of C4+

dist) was observed at around 54 wt % MAF coal C4+ distillate
yield in the thermal-catalytic mode of operation and after that

point, the CI-C 3 gas selectivity moderately increases as the C4+
distillate yield increases (Figure 12). The addition of iron

oxide in the coal slurry does not lower the gas selectivity. In
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the catalytic-catalytic mode of operation the CI-C 3 gas selec-

tivity increase relative to the C4+ distillate increase is much
less than in the thermal-catalytic mode. This indicates that

employing catalysts in both stages selectively reduces CI-C 3 gas

make with more C4+ distillate production.

• A maximum organic rejection (25 wt % MAF coal) was observed at
around 54 wt % MAF coal C4+ distillate in the thermal-catalytic

mode of operation and after that points the organic rejection

. significantly declines as the C4+ distillate yield increases

(Figure 12) and as the TSL hydrogen consumption increases (page
19). Solids recycle also significantly reduces the organic

rejection by 5-7 wt % MAF coal and at the same time increases the

TSL hydrogen consumption. Higher TSL hydrogen consumption with

solids recycle may be partly involved in lowering the organic

rejection, along with less polymerization in the CSD with solids

recycle (higher two-stage coal conversion) (Figure 13).

In summary, for TSL system process performance comparisons with
Illinois No. 6 bituminous coal,

• CC'ITSL does not significantly improve TSL system

process performance characteristics such as hydrogen

efficiency, Cl-C 3 gas selectivity and organic re-
jection, compared to ITSL and RITSL.

• Solid_ recycle in the CC-ITSL thermal-catalytic mode of

operat, ion significantly affects TSL system process

perfor_uance characteristics; reducing the hydrogen

efficiency by 0.7 ib C4+ dist/ib H 2 and decreasing the

organic rejection by 7 wt % MAF coal. The Cl-C 3 gas

selectivity is not affected significantly.

• The catalytic-catalytic mode in CC-ITSL significantly

affects TSL system process performance characteristics,

compared to the thermal-catalytic mode; increasing the

hydrogen efficiency and reducing the CI-C 3 gas selec-

tivity. The organic rejection is not affected signifi-
ca nt ly.

Wyodak Coal Comparisons

The five representative stable operation periods with Wyodak

Clovis Poir_t _'_ine c_al are compared in the tables of TSL system

operating con_]itions and process performance data on pages 17 and
20. Figure ]4 is a plot of TSL system process performance

. characteristics versus TSL C4+ distillate yields.

_he following are main observations for configuration comparisons

with Wyodak subbituminous coal.

• CC-ITSL thermal-catalytic mode of operation with solids

recyc]_: ([i_l-IIB) produced the highest C4+ distillate,
61 wt % MAF coal.
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i • All, configurations except for RITSL with solids recycle
had a similar hydrogen efficiency (i0 ]b C4+ dist/ib H 2
cons). Solids recycle in RITSL appears to lower the

hydrogen efficiency significantly (249E vs 249H).

• RITSL without solids recycle (249E) arm at a lower

first stage reaction temperature ]lad the lowest CI-C 3 "
gas selectivity, 10% of C4+ dist. _Iowever, it had the
highest organic rejection, 24 wt % MAF coal.

r •

• Solids recycle reduced the orga:_ic rejoction by i0 wt %

MAF coal (249E vs 249H). CC-IT,_ ', _!th solids recycle
(251-IIB) had the ]o_,'est organi,' rejection, 9 wt % MAF
coal.

• DITSL (246DE) and IT,lL (246G) showed the lowest

hydrogen consumption, 5.4 wt % MAF coal. However, they
had the lowest C4+ distillate yield, 53-55 wt % MAF
coal.

CC-ITSL with solids recycle (2SI-IIB) had the highest two-stage
coal conversion, 95 wt % MAF coal without having a significant
repolymerization in CSD (no increase of UC in CS[)), while DITSL

(246DE), ITSL (246G) and RITSL without solids recycle (249E) had

low two-stage coal conversion, 87-89 wt ?, _GhF coal. Although

RITSL with solids recycle (2491{) increa<_<:s coal conversion by 3-5

wt % MAF coal., repolymerJzatior_ in CSf) Ls significant, reducing
coal conversion by 3 wt % MAF coal (a 3 wt % UC increase in CSD).

Trends of TSL system process p::rformance characteristics with
Wyodak subbituminous coal (Figllre 14) do not show clear maximum

or minimum point s. This may be due to insufficient data points

obtained with t}_is coal. However, maximum or minimum points

appear to occur at around 55-.'-]0wt % MAF coal C4+ distil, late
yield, as similarly observed wilth I[].]nois .'_o.6 bituminous coal
(Figure 12).

In summary, for TSL system process performance comparisons with
Wyodak subbitumi nous coal,

• Solid.,:_recycle ia RIT,qL siq_lificant]y affects TSL

system proc!_ss r.erfo:-ma_ce c]_a_'acteristics; reducing

the hydrogen e[ t:ici c_r,cy by ] .0 ]b (24+ dist./ib H2 cons.
and decreasing the organic ;_ejoctJon by 12 wt % MAF

(;oa]. The Cl-C 3 gas .'_e].ect_"ity is not a[fected
significa_It]v. A similar oi scrvation was made with

Illinois NO. 6 bituminous c(_a].

• CC-ITSL with solids recycle significantly affects TSL
syste1_ process performance {'haracteristics, compared to

RITSL with solids recycle; increasing the hydrogen

efficiency ]>y 0.8 ib C4+ di_t./ib }]2 cons. and de-

creasing the organic rejection by 5 wt % _%AF coal. The

C]-C 3 gas selecti.v[ty is not affecte_l significantly.
With Illinois No. 6 coal, CC-ITSL configuration
effec_ s on TS]_ pro('ess i)erfcrm,_nce characteristics
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were not significant. It appears that the impact of
the CC-ITSL configuration on performance differs with
different ranks of coal, subbituminous and bituminous,

probably due to different reactivities in coal and

resid conversions and different selectivity in the
distillate yield.
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(2) TSL System Distillate Product Distribution

TSL system distillate product distribution data for the fifteen

selected periods for configuration comparisons are summarized in
the following tables:
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Illinois No 6 Coal Comparison

TSL _ystem distillate product distribution data with Illinois No.

6 coal are plotted in Figure 15.

ITSL (242BC, 243JK/244B, 245BCDF), RITSL (247D) and CC-ITSL

(250D) in the thermal-catalytic mode of operation all showed a

similar distillate product distribution. It appears that an
increase of TSL hydrogen consumption in the range of 4.9 to 6.1

wt % MAF coal does not affect the product distribution• However

the total C4+ distillate yield increased significantly (see the
table on page 27). The distillate product is composed of 19 wt %

C4+ naphtha, 13 wt % middle distillate and 68 wt % distillate
solvent• The iron oxide addition in the coal slurry (248D)

increases C4+ naphtha by 3 wt % and middle distillate by 1 wt %,
and decreases distillate solvent by 4 wt %. This indicates that

iron oxide enhances hydrocracking of distillate products by its

catalytic action. The iron oxide addition also increases the C4+

distillate yield. Solids recycle in CC-ITSL (250G) significantly

affects the product distribution; increasing C4+ naphtha by 4 wt

% and middle distillate by 2 wt %, and decreasing distillate

solvent by 6 wt %. Solids recycle improves catalytic hydro-

cracking of distillate products, but does not increase the C4+
distillate yield•

CC-ITSL catalytic-catalytic mode of operation with solids recycle
(251-IE) increases C4+ naphtha by 3 wt %, and decreases middle

distillate by 2 wt % and distillate solvent by 1 wt %, compared

to the thermal-catalytic mode of operation.

In summary, for TSL system distillate product distribution with
Illinois No. 6 bituminous coal,

• Process configurations do not affect the product

distribution, although they significantly affect the

TSL C4+ distillate yield and TSL hydrogen consumption.
This is true for ITSL, RITSL and CC-ITSL. NTSL and

DITSL showed a 3-6 wt % higher C4+ naphtha composition
in distillate products than other configurations. Since

NTSL and DITSL produced much smaller C4+ distillate

yields, the actual C4+ naphtha yield in NTSL and DITSL

was slightly lower.

• Iron oxide addition and solids recycle in the thermal-

catalytic mode and the use of an active catalyst in the
isr stage in the catalytic-catalytic mode significantly

• affect the TSL system distillate product distribution•

They increase the C4+ naphtha composition by 3-4 wt %

in distillate products by enhancing catalytic hydro-
. cracking of distillate products. The increase of the

actual C4+ naphtha yield was 2-4 wt % MAF coal.
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W_yodak Coal Comparison

TSL system distillate product distribution data with Wyodak

Clovis Point Mine coal are plotted in Figure 16.

DITSL (246DE) and ITSL (246G) produced more middle distillate by
3-4 wt % MAF coal, compared to RITSL (249E, 249H). The middle

distillate composition is higher by 7-8 wt % and the distillate

solvent is lower by 9 wt % The C4+ naphtha composition is
similar. Solids recycle in RITSL (249H) does not significantly
affect the distillate product distribution, compared to RITSL

without solids recycle (249E). CC-ITSL with solids recycle

(251-IIB) in the thermal-catalytic mode of operation increases

C4+ naphtha by 7 wt % and decreases distillate solvent by 7 wt %

compared to RITSL with solids recycle (249H). The actual
increase of the C4+ naphtha yield is 5 wt % MAF coal.

In summary, for TSL system distillate product distribution with _
Wyodak subbituminous coal,

• Process configurations are very important. DITSL and

ITSL are in favor of the middle distillate production

and CC-ITSL is in favor of the C4+ naphtha production.
These process configuration effects were not seen with
Illinois No. 6 bituminous coal.

• Solids recycle does not affect the distillate product
distribution. This is a different observation than

that for Illinois No. 6 bituminous coal, where solids

recycle increased the C4+ naphtha composition in
distillate products.
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(3) Process Solvent Quality,, and Hydrogen Transfer Data

Process solvent quality and hydrogen transfer data for the

fifteen selected periods are summarized in the following tables:
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Illinois No. 6 Coal Comparison

Figure 17 is a plot of process solvent quality versus hydrogen
content with Illinois No. 6 coal.

Process solvent quality increases as hydrogen contents of process

solvent, resid and distillate portions of process solvent
increase. Solvent quality gives a relative indication of the

concentration of donatable hydrogen in the process solvent

(Appendix B). NTSL (241CD) solvent quality was the lowest, 58%,

while the other ITSL configurations had high solvent quality,

83-90%. The amount of donatable hydrogen in the NTSL process
solvent is very small because the NTSL solvent is not hydro-

treated. Because of this, NTSL required high hydrogen

consumption in the ist stage to accomplish sufficient coal

liquefaction reactions and consequently, NTSL had a very high

reactor exotherm, 72°F, in the ist stage.

DITSL (248A) solvent quality was relatively low, 83%, compared to

other ITSL configurations in the thermal-catalytic mode of
operation (87-90%). This low solvent quality in DITSL is

attributed to the low hydrogen content of the resid portion of
process solvent due to non-hydrotreated heavy thermal resid being

recycled from the CSD to the ist stage.

ITSL-SCT (242BC) hydrogen transfer value was relatively low, 1.2,

although solvent quality was high, 87%. This low hydrogen
transfer value in ITSL-SCT appears due to the short contact time

using the preheater in the ist stage.

High solvent quality, 87-90%, was observed in the ITSL

(243JK/244B, 248D), RITSL (247D) and CC-ITSL (250D) thermal-

catalytic mode of operation without solids recycle. Hydrogen
transfer values for these configl_rations were high, 2.0, and isr

stage reactor exotherms were low in the range of -5 to 15°F. (The
negative exotherm means that the heat loss around the reactor is

higher than the heat generated by reactions.)

Solids recycle (250G) in the CC-ITSL configuration significantly
reduced the hydrogen transfer value from ].9 to 1.2. Since the

hydrogen consumption irl the Ist stage was not changed due to the

solids recycle, the reactor exotherm in the isr stage increased
from ]5 to 40°F, because of the relative reduction of endothermic

reactions with solids recycle. The significant decrease of

hydrogen efficiency with solids recycle (from ]0.5 to 9.8 lb C4+
dist./Ib }{2 cons.) appears due to this low hydrogen transfer in
the ]st stage.

CC-ITSL in the catalytic-catalytic mode of operation (251-IE)
showed a relatively low solvent quality, 84%, because of

decreases in hydrogen contents of resid and distillate portions

of proces'_ solvent, as illustrated in Figure 17. High hydro-

genation reactions in the ist stage resL_It_d in a very high
reactor exotherm in the Ist stage. A low hydrogun transfer value
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(0.5) is misleading, for the hydrogen transfer in the catalytic-

catalytic mode of operation indicates net dehydrogenation of

recycle process solvent in the ist stage as a result of combi-
nation of thermal dehydrogenation (hydrogen transfer from recycle

process solvent to coal) and catalytic rehydrogenation with

gaseous hydrogen. Detailed discussion was reported in Technical
. Progress Report Run 251 (Ref. 14).

Figure 18 is a plot for process solvent hydrogen transfer data.

High hydrogen transfer improves TSL hydrogen efficiency. High

hydrogen transfer decreases the reactor exotherm in the Ist
stage. It appears that hydrogen transfer is not strongly

dependent on process configurations (DITSL, ITSL-HCT, ITSL-LCT,
CC-ITSL), but more dependent on process variables such as

residence time, solids recycle and hydrotreating of recycle

process solvent.

Wyodak Coal Comparison

Process solvent quality and hydrogen transfer data with Wyodak

Clovis Point Mine coal are plotted in Figures 19 and 20. The

available data points are not sufficient to make meaningful

observations for generalization.

Solids recycle (249H) in the RITSL configuration significantly

reduced solvent quality from 88 to 79%. This decrease in solvent

quality is probably due to overhydrogenation of the distillate

portion of recycle process solvent. The hydrogen content of
distillate increased from 10.31 to 10.84 wt %. The hydrogen

transfer value slightly decreased from 1.9 to 1.7 and the ist

stage hydrogen consumption significantly increased from 2.2 to

3.3 wt % MAF coal, resulting in a higher reactor exotherm (109°F)

than without solids recycle (45°F). A significant decrease in

hydrogen efficiency (from 9.9 to 8.9 ib C4+ dist./ib H 2 cons.)

was observed with Wyodak coal, as with Illinois No. 6 coal, in
the CC-ITSL configuration.

As a result of analyses of process solvent quality and hydrogen

transfer data, the following observations can be made:

• Solvent quality is a function of hydrogen contents of

resid and distillate portions of recycle process
solvent.

• Optimum hydrogen content of process solvent for high

solvent quality may be different with different coals.

• High hydrogen transfer of process solvent to coal in

the ist stage improves TSL hydrogen efficiency.

• • Solids recycle decreases hydrogen transfer and hydrogen

efficiency, but reduces organic rejection.
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• Hydrogen transfer is not strongly dependent on process

configurations, but more dependent on process variables

such as residence time, solids recycle and hydro-
treating of recycle process solvent.

• There is a good correlation between hydrogen transfer,

Isr stage reactor exotherm and TSL hydrogen effi-
c iency.
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(4) Unit Contribution Effect on TSL Hydrogen Efficiency

Interstage dependency on overall TSL process performance is

illustrate_, in Figures 21 and 22, by comparing the C4+ distillate
unit contribution effect on TSL hydrogen efficiency in ITSL

configurations. _fSL (241CD) was not included for comparisons
0 because NTSL is a non-integrated configuration.

With Illinois No. 6 Burning Star Mine coal (Figure 21) the
maximum hydrogen efficiency can be achieved at around 60% ist

stage contribution in TSL C4+ distillate products. Experimental

data points are not sufficient to locate the optimum ist stage
contribution _or the maximum hydrogen efficiency. The CC-ITSL

catalytic=catalytic mode of operation (2Lfl-IE) had a low hydrogen
efficiency with a high ist stage contribution (81%), as similarly
observed in DITSL (248A).

With Wyodak Clovis Point Mine coal (Figure 22) it appears that

the Isr stage unit contribution does not significantly affect TSL
hydrogen efficiency.
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(5) Product Quality

TSL system distillate products produced during Runs 241 to 251

were analyzed to study process configuration effects on distil-

late product quality. The distillate products from the TSL

process were characterized in two ways:

(i) Each distillate product stream was analyzed individually.

(2) A blend of distillate products was prepared, frac-

tionated and analyzed by boiling point range.

Distillate products were analyzed by gas chromatography to

determine boiling range fractions and by an elemental analyzer to

determine elemental composition such as carbon, hydrogen,
nitrogen, sulfur and oxygen (by difference). GC boiling range

fractions are defined as: naphtha (IBP-350°F), middle distillate
(350-450°F), and distillate solvent (450°F-EP).

Distillate product analytical data and product quality data for
each stream for the periods selected for analyses of configu-
ration comparisons are tabulated in Tables 9 to 12. Distillable

product blend data for periods, 244CD, 242BC, 245BCDF, and 249E

are not available. Detailed product quality data for each

configuration were reported in Technical Progress Report Runs 241
to 251 (Refs. 4-14).

The primary product of the NTSL configuration (241CD) with
Illinois NOo 6 Burning Star Mine coal was a low-sulfur coal-
derived substitute for No. 6 fuel oil. This substitute was

prepared by blending hydrotreated resid with distillate solvents

from the ist and 2hd stages in varying proportions to meet a

given viscosity specification. Improvements in the properties of
the residue achieved by hydrotreating, combined with the fact

that more distillates can be produced in a two-stage system, make

the blending of distillates and residue technically feasible. A

good quality No. 6 fuel oil blend product was produced with 0.12
wt % sulfur and 0.84 wt % nitrogen contents (Refs. 4 and 20).

Properties of No. 6 fuel oil are compared below:
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Coal Derived Petroleum Derived

Fuel Oil No. 6 Fuel Oil No. 6

(56% solv + 44% HTR resid)

Elemental. anal_sis (wt %)
• Carbon 87.3 86.5-90.2

Hydrogen 8.7 9.5-I 2.0

Nitrogen 0.8 -
Sulfur 0. I 0.7-3.5

Ash 0. I 0.01-0.5

Oxygen (by diff.) 3.0 -

Viscosity (CS)

At 122°F (storage) 360 92-638

At 230°F (Atomizing) 20 -

Viscosity increase on aging

At 122°F for 6 weeks NEGL NF_L

At 230°F for I hr NEGL NEGL

Gravity (°API at 60°F) I 7-22

Results of aging tests indicate that the substitute No. 6 fuel

oil produced by the NTSL configuration is relatively stable and

can be stored and handled in a manner similar to petroleum
derived residual oils.

Light distillate from the hydrotreater obtained during Run 244 in

the ITSL configuration with Illinois No. 6 coal was submitted to

Amoco Oil Company and compared as-is with aviation gasoline

specifications. The distillation test results and elemental

analysis are shown below. The light distillate was found to pass

the freeze point test, Reid vapor pressure test, and copper strip

corrosion test but it narrowly failed the octane number and

potential gum specifications.
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Aviation Gasoline Specifications

Sample Source: Wilsonville Run 244

(Cat. Age 1600 ibs Resid/ib Cat, HTR Temp 730°F)

Result

Test (vol % - °F) . Spec. Comment Test Comment

D-86 10% - 198 Max 167 Fail Reid vapor pressure Pass

40% - 208 Min 167 Pass Copper strip corrosion Pass

50% - 212 Max 221 Pass Freezing point Pass
90% - 242 Max 275 Pass Octane no. Fail

FBP-287 Max 338 Pass Potential gum Fail
Dist. residue-0.8 Max 1.5

Elemental %C = 86.85

analysis %H = 13.15

%S = 27 ppm Max 0.05% Pass

%N = 58 ppm

Distillable product blend analyses for ITSL Run 244 and RITSL Run

247D with Illinois No. 6 coal are compared in the following
table:

API

Wt % of Elem_ental (wt %) gravity

Distillation cut _____le C H N S O(diff) _0__)

Run 244 ITSL configuration (a)

Naphtha (IBP-360°F) 18.4 85.21 12.86 846 ppm 0.36 1.50 43.0
Distillate (360 °F-650 °F) 45.7 86.44 10.74 0.24 0.22 2.35 18.4

Gas Oil (650°F+) 35.9 89.07 9.69 0.31 0.16 0.76 7.4

Run 247D RITSL configuration (b)

Naphtha (IBP-350°F) 15.9 85. 15 13.90 800 ppm 0.29 0.58 46.6
Distillate (350°F-650o_ _) 52.3 87.09 11.52 0.21 0.13 1.05 20.1

Gas oil (650°F+) 31.8 89.37 10.24 0.25 0. 10 0.49 9.3

(a) Catalyst age 1600 ibs resid/Ib cat, HR temp 730°F.

(b) Catalyst age 446-671 (ibs resid+UC+ash)/ib cat, HTR temp 710°F.

The hydrogen contents of comparable fractions is higher, by

0.8-1.2 wt %, for RITSL. The H/C atomic ratios are higher by

0.10-0.16. In general, the RITSL product had lower levels of

nitrogen and sulfur. These results appear to be a natural

consequence of having an increased content of hydrotreated

product. Younger catalyst ages, a lower HTR reaction tempera-

ture, an increased feed reactivity by placing the CSD after the

HTR unit and further hydrotreating of a portion of the distillate

product in the first stage in 247D could also have affected the

product quality in 247;9 (refer to the operating conditions in the
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table on page 16), The hydrogen efficiency decreased as the
hydrogen consumption increased, as shown in the table on page 19.

Therefore, the higher hydrogen consumption seems to be a trade

off with improved product quality.

Properties of a fractionated distillable product blend from

• period 248D processing Illinois No. 6 coal (ITSL-LCT with iron

oxide) are shown below. As can be seen, the productboiling

below 650°F is 67% of the total blend, which is comparable to

that obtained in Run 244 without iron oxide. The naphtha fromP

248D had higher hydrogen content (13.76 vs 12.86 wt %) but the

nitrogen and sulfur were higher. The analyses for the distillate

and gas oil fractions were similar, with 248D showing slightly
higher nitrogen and sulfur contents. The API gravities showed
that the naphtha and distillate for 248D were heavier than those

from Run 244. Younger catalyst ages, a lower HTR reaction

temperature, a lower space velocity in 248D could have affected

the product quality (refer to the operating conditions in the
table on page 16). The hydrogen efficiency did not change as the

hydrogen consumption increased, as shown in the table on page 19.

This indicates that the product quality of the total distillate

blend is similar for both runs, although the distillate product

selectivity is different in the table on page 27 and in the
figure on page 143.

API

Wt % of elemental (wt %) gravity
Distillation cut sample C H N S O(diff) (60/60)

Run 248D ITSL configuration (a)

Naphtha (IBP-350°F) 18.6 84.63 13.76 0.06 0.65 0.90 42.4
Distillate (350 °F-650 °F) 48.1 86.07 10.95 0.31 0.38 2.29 13.0
Gas oil (650°F+) 33.3 89.11 9.41 0.46 0.18 0.84 0.3

(a) Catalyst age 300 ibs resid/ib cat, HTR temp 7000F.

Di st illabl e product blend analyses for the CC-ITSL configuration

processing Illinois No. 6 coal are listed below, to compare with
results from ITSL Run 244.
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API

Wt % of elemental (wt %) gravity

Distil lation cut sampl e C H N S O( diff ) (6_0/60!

Run 250B (Shell 324)

Naphtha (IBP-350 °F) 19. 0 85.40 14.53 0.02 0.01 0.04 52,5
Distillate (350-650 °F) 46.8 87.42 12.13 0.10 0.06 0.29 22.9

Gas oil (650_F+) 34.2 88.41 10.88 0.19 0.04 0.48 10.4
q

Run 250C (SV* = Low)

Naphtha (IBP-350°F) 17.4 86.00 13.62 0.05 0.27 0.06 48.8

Distillate (350-650 °F) 42.5 86.91 11.03 0.26 0.10 1.70 20.2

Gas oil (650OF+) 40. I 88.99 9.97 0.44 0.09 0.51 7.5

Run 250D (SV* = High)

Naphtha (IBP-350°F) 18.6 85.41 14.26 0.04 0.18 0.11 49.9

Distillate (350-650OF) 45.0 87.45 11.73 0.22 0.09 0.51 21.8

Gas oil (650°F+) 36.4 88.77 10.27 0.36 0.07 0.53 9.7

Run 250E (SV* = High)

Naphtha (IBP-350"F) 21.7 85.13 13.74 0.04 0.18 0.91 52.3

Distillate (350-650 oF) 49.6 87.10 11.13 0.19 0.08 1.50 21.6

Gas oil (650OF+) 28.7 89.09 9.83 0.27 0.07 0.74 8.7

Run 250H

Naphtha (IBP-350°F) 26.8 84.54 14.04 0.03 0.11 1.28 50.4

Distillate (350-650 °F) 51.7 87.54 11.59 0.17 0.07 0.63 24.4

Gas oil (650_F+) 21.5 88.88 10.21 0.28 0.08 0.55 14.1

*SV refers to coal s[_ace ve],_city.

In the comparison of ITSL and CC-ITSL product quality, the

catalyst type and catalyst age were the same in Run 244 and Run

250B. The products from Run 250B were better than those from Run

244 in every respect. For comparable fractions the hydrogen
contents are 1.2-1.6 wt % higher and the H/C atomic ratios are

0.17-0.23 h_ghe_ for C_'-]I'rGT_. '_e c]Jstillate fraction is

lighter for (?C-ITSL, 22.9 vs 18.4 API gravity. Also, Run 250B

products had lower levels of nitrogen, sulfur, and oxygen. As

discussed in Section IV. (i) TSL System Process Performance

Comparisons, the product quality improvements were accompanied by

an increase in hydrogen consumption. In Run 250B, all the TSL

product was d_:,,rived ,_rom the hyc_rotreater, whereas in the ITSL

Run 244, approxi, mately _ual. amounts were derived from the

thermal stage and catalytic stage. This was the reason for the

higher hydrogen consumpti, on and higher quality products in Run
250B.
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The product quality did not change significantly at the higher

coal space velocities. The H/C atomic ratios for the product
blends were in the range of 1.54-1.58 for Run 250C, D, and E

periods. A comparison of Run 244 and Run 250D data _shows that

products from higher space velocity CC-ITSL were superior

to those from the lower space velocity ITSL.
B

Product quality data for the CC-ITSL catalytic-catalytic mode of

operation with Illinois No. 6 coal are shown below, to compare

with results from the CC-ITSL thermal-catalytic mode of operation
with solids recycle (250H).

API

Wt % of elemental (wt %) gravity

Distillation cut sample C H N S O(diff) (60/60)

Run 251-IC

Higher space velocity

Naphtha (IBP-350°F) 21.1 84.29 13.87 0.03 0.04 1.77 53.2
Distillate (350-650 °F) 49.2 86.75 11.24 0.22 0.02 1.77 20.4

Gas oil (650°F+) 29.8 88.46 10.27 0.35 0.03 0.89 10.6

Run 25I-IE

Naphtha (IBP-350°F) 20.9 85.90 13.98 0.02 0.05 0.05 50.9
Distillate (350-650°F) 42.9 87.74 11o81 0.14 0.02 0.29 24.2
Gas oil (650+) 36.2 89.64 10.04 0.22 0.03 0.07 9.4

The coal space velocities were roughly similar in Run 250H and

Run 251-IE but the second stage catalyst age was higher in Run
251-IE by a factor of four. For comparable fractions the

hydrogen contents were similar, but there was more naphtha and

distillate in the Run 250H blend. The higher first stage

temperature in Run 250H might have promoted the cracking reac-
tions to form more light cuts. %_ne nitrogen and oxygen were

slightly lower in the products from the low space velocity

catalytic-catalytic mode of operation (251-IE), compared to the

high space velocity Run 251-IC and the thermal-catalytic mode of
operation Run 250H.

Processing Wyodak Clovis Point mine coal, ITSL (Run 246), RITSL

(Run 249F) and RITSL with solids recycle (Run 249H) product

quality data are compared below to see the effects of configu-
rations.
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API

Wt % of ele]nental (wt %) gravity

Distillation c,_t . s m__]_k!_" C I] N _S_S__ O(diff) !60/60)

ITSL (Run 246)

Naphtha (IBP-350°F) 19.4 83.06 13.23 0. 16 0.51 3'.02 47.6 "

Distillate (350-650 °F) 68.9 86.02 10.80 0.25 0.07 2.85 20.1

Gas oil (650°F+) I1.7 88.85 9.23 0,42 0.05 1.45 -

RITSL (Run 249F)

Naphtha (I[_P-350°F, ;]. _4.,,'_ 17_./I Li.06 0.()9 1.67 45.6

Distillate (350-65]°_ ') 5_.:_ '6.7 _ II._'3 0.23 0.03 1.29 23.4

Gas Oil (650°F+) 10,3 88.7_ _ 10.68 0.38 0.08 0,09 23. I

RITSL with solids c_c]e (Rui_ 249H)

Naphtha (IBP-350°F) 27, 5) 84,8[ 13_88 0.09 0.08 I. 10 47.2

Distillate (350-65U°F) 55.3 85,7/ 11.81 0. 19 0.02 2.21 22.9

Gas oil (650°[,t) 1(!,.j 88.4[ 11.z_I 0.32 0.01 0.01 16.2

The RITSL configur::_tJon i:,_s,_]I:_:d i n a higher hydrogen content for

each fr,_ctlon t h:_f_ fo_ t:h<_,se obt,ir_e_] il_ the ITSL configuration

of Run 246. This same e_f!ec< wa,_ seen in earlier comparisons of

products from t]_e RITSL an<_ [TS], configurations using Illinois

No. 6 bituminous coal. ']'!_e[m[?r<_;'e(] hydrogen content appears to

be a natural cons,_.._quence of "_avin.g _n increased content of

hydrotreated product i_ tl_o _)ta]. [.,roduct blend with the RITSL

configu_'at].on. The De_cenl: o[". the total product that was from

the hydrotreater was 44 a_J_! 53% (249F) for the ITSL and RITSL

samples, respectively. The overall product with the RITSL

configurat._on is ].ighter _)<:cause of an :i.ncrease in the fraction

of naphtha prod,._c_: J[l;o:l'!.!.)t...J3.1. wt % (249F) of the total, The

heteroator_ coi_t.,.i_:_._]so ..:]_".wsLhc. :.[ua].it' improvement in the

RITSL confJgu_-at.i.or_.
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(6) Specific Comparisons for Different Confiqurations and
Process Variables

Seven specific comparisons are discussed as follows, to better

understand configuration effects on TSL system process perfor-
mance. These are:

(A) Effect of Solids Recycle.

(B) CC-ITSL Comparison with ITSL.

(C) CC-ITSL Comparison with RITSL.

' (D) High Coal Space Rate Comparisons.

(E) CC-ITSL Thermal-Catalytic and Catalytic-Catalytic Mode

Comparisons.

(F) CC-ITSL Catalyst Type, Reaction Temperature and Space
Velocity Studi es.

(C) lleteroatom Removal Comparisons.

(A) Effect of Solids Recycl e

In the CC-ITSL thermal-catalytic mode of operation with Illinois
No. 6 Burning Star coal, 250D and 250G are used for solids

recycle comparisons because of their similar ist and 2nd stage
space velocities. Amocat lC 1/16" catalyst was used in the 2hd

stage reactor. For solids recycle, the ist stage resid concen-

tration in the recycle process solvent was ciecreased from 50 to

43 wt % (CI-free basis), the ist stage reaction temperature was

increased from 824. to 829°F, and the HTR reaction temperature was

increased from 742 to 750°F. Overall TSL process performance was

not significantly enhanced by the solids recycle. The TSL C4+
distillate yield was similar, 63-64 wt % MAF coal. The CSD unit

performance was considerably improved. The organic rejection to
the CSD ash concentrate was reduced from 22 to 15 wt % MAF coal,

the lowest observed at Wilsonville. This improvement led to an

increase in the TSL resid production, from -1.3 (in 250D) to +5.4

(in 250G) wt % M3kF. The following table shows a comparison of TSL

process operating conditions and performance data. (Refer to the
detailed data in Tables 3 and 5.)
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Run no. 250D 250G

Solids recycle no yes

Th erma i st ac[e
Average reactor temperature (°F) 824 829

Inlet hydrogen partial pressure (psi) 2500 2500 .

Coal space velocity High High
Solvent-to-coal ratio 1.8 2.0

Solvent resid content (wt %) 50 40

Catalytic stage
Reactor temperature (°F) 742 750

Space velocity (ib feed/hr-lb catl 2.1 2.2
(ib MF coal/hr-cu ft cat) 34.2 33.8

Feed resid content (wt %) 53 46

Catalyst age

(ib resid+CI)/Ib cat 697-786 346-439

Coal conversion (wt % MAF cresol solubles) 92 94

Yield (wt % MAF coal)

CI-C 3 gas (total gas) 7(12) 8(13)
Water i0 i0

C4+ distillate 64 63
Resid -I. 3 5.4

Hydrogen consumption -6.1 -6.4

Hydrogen efficiency

(ib C4+ dist/Ib H 2 consumed) I0.5 9.8

Distillate selectivity

(ib CI-C3/Ib C4+ dist) 0.ii 0.12

Energy rejection (% of coal heat value) 23 16 '

Organics rejected to ash conc. (% MAF coal) 22 15

Major effects of solids recycle in the CC-ITSL thermal-catalytic
mode of operation with Illinois No. 6 bituminous coal are
summarized below:

• TSL hydrogen consumption increased by 0.3 wt % MAF coal
(0.I in ist, 0.2 in 2nd).

• Cl-C 3 gases increas_] by 0.6 wt % [_AF coal (0.i in ist,
0.5 in 2nd).

• No significant changes in C4+ distillate.

- C4+ naphtha increased by 2 wt % MAF coal (i in ist,
1 in 2nd).

- No significant changes in middle distillate.
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- Distillate solvent decreased by 4 wt % MAF coal

(increased by 2 in is _ decreased by 6 in 2nd)

• Organic rejection decreased by 7 wt % MAF coal.

C4+ resid (potential liquid fuel) yield increased from
62 to 68 wt % MAF coal,

• No significant changes in resid + organics rejected•

• Coal conversion increased by 2 wt % MAF coal.

• Resid + UC conversion increased by 3 wt % MAF coal in

Isr stage and decreased by 1 wt % MAF coal in the 2hd
stage.

• Hydrogen efficiency decreased by 7% (relative).

• CI-C 3 gas selectivity increased by 9% (relative)•

• ist stage total reactor exotherm increased by 25°F,
while 2nd stage exotherm decreased by 11%.

Solids recycle during period 250G (compared to 250D), did not

significantly improve TLU process performance, probably due to
the low resid and solids content in the recycle process solvent.

A slight improvement is indicated by a 3 wt % MAF coal increase

in t:le TLU C4+ distillate yield. A 25°F increase of the total
dissolver exotherm was seen which indicates more reaction in the

thermal stage. TLU hydrogen consumption did not increase

significant ly.

In the RITSL configuration with Wyodak Clovis Point coal, 249F

and 249H are used for solids recycle comparisons. Shell 324

1/32" catalyst was used in the 2hd stage reactor. Overall TSL

process performance was slightly enhanced by solids recycle• _q%e

TSL C4+ distillate yield was 56 wt % MAF coal, an increase of 1
wt % MAF coal. An additional 2 wt % MAF coal of distillate

solvent was lost in HTR vacuum bottoms product. This compares to
a normal solvent content in the CSD ash concentrate of less than

1 wt % MAF coal. Thus, overall solvent yield had actually

increased by 3 wt % MAF coal during solids recycle. The TSL
resid yield was negative (-4.4 wt % MAF coal); more resid was

lost in 2nd stage vacuum bottoms than was made. The following
table shows a comparison of TSL process operating conditions and

performance data. (Refer to the detailed data in Tables 4 and
6.)
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Run no. 249F 249H

Solids recycle no yes

Thermal stage

Average reactor temperature (°F) 805 803

Inlet hydrogen partial pressure (psi) 2180 2170 .

Coal space velocity Low Low
Solvent-to-coal ratio 1.4 2.0

Solvent resid content (wt %) 28 21

Iron oxide addition Yes Yes

Catalytic stage

Reactor temperature (°F) 700 700

Space velocity (Ib feed/hr-lb cat) 1.2 1.6
(ib MF coal/hr-cu ft cat) 31.5 31.5

Feed resid content (wt %) 24 27

Catalyst age
((ib resid+UC+ash)/ib cat) 1317-1362 1683-1825

Coal conversion (wt % MAF cresol solubles) 91 95

Yield (wt % MAF coal) Actual Projected
CI-C 3 gas (total gas) 8(17) 7(16)
Water 15 14

C4+ distillate 55 56 (57)*

Resid -4 -7 (4) *
Hydrogen consumption -6.1 -6.3

Hydrogen efficiency

(ib C4+ dist/ib H 2 consumed) 9.0 8.9

Distillate selectivity
(ib CI-C3/Ib C4+ dist) 0.14 0.12

Energy rejection (% of coal heating value) 27 - (18)*

Organics rejected to ash conc. (% MAF coal) 24 26** (14)*

•Projected yields with CSD operation.

•*Vacuum concentrate organic rejection, including 2.2 wt % solvent.

Major effects of solids recycle in the RITSL configuration with
Wyodak subbituminous coal are summarized below:

• TSL hydrogen consumption increased by 0.2 wt % MAF coal
(0.6 wt % MAF increase in ist and 0.4 wt % MAF decrease
in 2nd).

• CI-C 3 gases decreased by 1 wt % MAF coal (mainly in
ist).
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• C4+ distillate increased by 3 wt % MAF coal including
distillate in rejection (6 wt % MAF increase in ist).

- C4+ naphtha decreased by 1 wt % MAF coal.
- Middle distillate decreased by 2 wt % (mainly in

ist).

- - Distillate solvent increased by 6 wt % MAF coal (8
wt % MAF coal increase in Ist).

° • Coal conversion increased by 4 wt % MAF coal.

• No significant changes in resid + organics rejected.

• Resid + UC conversion increased by 4 wt % MAF coal in

the Ist stage and decreased by 6 wt % feed (was similar

as wt % MAF coal) in the 2nd stage.

• No significant changes in hydrogen efficiency.

• CI-C 3 gas selectivity decreased by 14%.

• Ist stage total reactor exotherm increased by 56°F,

while 2nd stage exotherm decreased by 42%.

In comparing data from 249F and 249H, the solids recycle signifi-

cantly improved the isr stage performance as indicated by 6 wt %
MAF coal increase in the C4+ distillate yield. The dissolver

exotherm was very high (109°F) due to a significant enhancement

in coal hydrogenation and dissolution reactions by the solids

recycle. This isr stage process improvement appears to be aided

by the recycle of iron compounds in the recycle process solvent
(5.9 wt % MAF coal).

Major effects of solids recycle in the ist stage are summarized
below:

• ist stage hydrogen consumption increased by 0.6 wt %
MAF coa i.

• CI-C 3 gases decreased by 1 wt % MAF coal.

• C4+ distillate increased by 6 wt % MAF coal.

- No significant changes in C4+ naphtha.

- Middle distillate decreased by 3 wt % MAF coal.

- Distillate solvent increased by 8 wt % MAF coal.

• No significant changes in resid.

• Coal conversion increased by 4 wt % MAF coal.

• Dissolver exotherm increased by 56°F.

• Solvent quality decreased from 89 to 79% due to the

unconverted coal and ash in the process solvent.



Smaller ist stage performance improvements for solids recycle

were observed with bituminous coal in Run 250 compared to

improvements seen with Wyodak subbituminous coal in Run 249. The

ist stage C4+ distillate increase was 3 wt % MAF coal in Run 250

(6 wt % increase in Run 249). This may be due to the low resid

and solids content in the recycle process solvent in Run 250.

e

TSL process operating condition and performance data changes

during the solids recycle tests (249F vs 249H and 250D vs 250G)

with the two different coals are compared below:
L

Configuration R/TSL CC-ITSL

Runs compared 249F vs 249H 250D vs 250G

Coal processed Wyodak Illinois #6

Iron oxide addition Yes _b

Process condition changes

Solids in process solvent, wt % +25 +9

Resid in process solvent, wt %

(CI-free basis) 0 -7

Exoth erm, °F

1st st age +56 +25

2nd stage (%) -42 .-11

Performance changes,
wt % MAF coal

Ist stag e

Hydrogen consumption +0_6 +0. I
Coal conversion (a) +4 -I

C4+ distillate +6 +3

C I-C3 gas -1 0

TSL

Hydrogen consumption +0.2 +0.3

Coal conversion (a) +4 +2

C4+ distillate +3 -I

CI-C3 gas -I +I

Organics rejected 0(b) (-10) (c) -7

(a) Coal conversion to cresol solubles.

(b) Solvent-free basis for 249H. HTR vacuum bottoms purged.

CSD was not operated.

(c) Projected rejection with CSD operation.

Smaller increases in ist stage total dissolver exotherm, hydrogen

consumption and coal conversion for Run 250 compared to Run 249

confirmed that the solids recycle improvements in the ist stage

were smaller for bituminous coal in Run 250. TSL improvements in

C4+ distillate, coal conversion, and organic rejection were also
smaller for bituminous coal in Run 250.
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TSL preasphaltene yield changes during the solids recycle tests

(249F vs 249H and 250D vs 250G) with two different coals are

compared below:

Conf igurat ion RITSL CC-ITSL
Run 249F 249H 250D 250G

Ash recycle No Yes No Yes

Preasphaltene yield
" (wt % MAF coal)

ist Feed 0.0 7.1 3.7 5.9

Product 8.1 12.0 22.9 21.2

Net Yield 8.1 4.9 19.2 15.3

2nd Feed 8.1 12.0 22.9 21.2
Product 2.6 6.6 8.7 ii. 0

Net Conversion 5o5 5.4 14.2 i0.2

Overall Yield 2.6 -0.5 5.0 5.1

CSD rejection 2.6 - 5.0 5.1

2hd stage rejection - 1.7 - -

TSL accumulation 0.0 -2.2 0.0 0.0

Pr easphalt ene conversion
(wt % feed)

Ist stage (a) 92 89 78 80

2nd stage 68 45 62 48

(a) Assume MAF coal is I00 wt % preasphaltenes.

Run 249H and 250G with solids recycle produced 3-4 wt % MJ%F coal

less preasphaltenes in the ist stage and decreased 2nd stage

conversion by 0-4 wt % MAF coal. The 2nd stage conversion was

significantly lower by 14 wt % feed with solids recycle. These
results confirmed that solids recycle improves the ist stage

performance, but decreases the 2nd stage performance.

(B) CC-ITSL Comparison with ITSL

Run 250B (CC-ITSL) results are compared with Run 244CD (ITSL).

Both runs used a Shell 324 unimodal Ni-Mo catalyst (1/32"

diameter) in the 2hd stage. Illinois No. 6 Burning Star mine

coal was processed without solids recycle. Catalyst age was

940-].470 lb (res+UC+ash)/Ib cat. Catalyst age data as a unit of
Ib MF coal/ib catalyst were not calculated for these runs.

" Therefore, they are not available. Catalyst histories in these
runs were very complex, preventing accurate calculations.

Estimates based on aging rates measured in Runs 244CD "and 250B

are 1107 and 982 ib MF coal/ib catalyst, respectively. These

m
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ages correspond to 1.8 and 1.7 ib/ton MF coal catalyst replace-

ments at steady state operation. Process operating conditions
were similar for these runs, except for higher ist stage and

lower 2nd stage hydrogen partial pressures for 250B.

Major observations in performance are:

• CC-ITSL hydrogen consumption was higher by 1.2 wt % MAF
coa i.

• CC-ITSL C4+ distillate was higher by 4 wt % MAF coal.

• CC-ITSL C4+ naphtha was higher by 4 wt % MAF coal.

• Organic rejection was similar for both configurations.

• CC-ITSL hydrogen efficiency was lower by 13% (relative).

• CC-ITSL CI-C 3 gas selectivity was higher by 9% (relative).

High hydrogen consumption with CC-ITSL is attributed to high

resid reactivity in the catalytic stage and to production of high

quality distillate products. CC-ITSL distillate products had

higher hydrogen contents by 1.2-1.6 wt % and higher H/C atomic
ratios by 0.15-0.23. Catalyst activity was higher due to the

high resid reactivity (Reference 13). A higher hydrogen partial

pressure (680 psia) in the first stage could have increased the

hydrogen consumption.
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Operating period 244CD 250B
Mode ITSL CC-ITSL

Dates 7/28-8/I 5/83 12/4-7/85

Catalyst type Shell 324 Shell 324

Ist stage

Reaction temp., °F (average) 810(a) 809

Coal space rate Low Low

Inlet hydrogen partial pressure (psi) 2120 2800

2nd stage

Reaction temp., °F (average) 730 725

Space rate, WHSV, hr -I I. I 1.0

Ib MF coal/ib-cu ft cat 26.1 19.6

Inlet }lydrogen partial pressure (psi) 2580 2470

Catalyst age

lb (res+UC+ash)/ib cat 943-1139(b) 1432-1470(b)

ib MF coal/ib cat 1107(c) 982(c)

TSL yield, wt % MAF coal

Hydrogen consumption 5.2 6.4

CI-C3 gas (total gas) 6(11) 6(11)
Water 10 10

C4+ distillate 57 61

C4+ naphtha 11 15
Resid 8 6

Ash concentrate 19 18

_en efficiency

ib C4+ dist/ib H2 cons 11.0 9.6

CI-C _ selectivity (X100)

to C4+ distillate 11 10

Energy rejection, % 20-22 20

(a) Reactor outlet te_nperature.

(b) Lb resid/Ib cat.

(c) May not be accurate data because of the complexity of

catalyst histories. Estimates based on aging rates measured

in each period.

(C) CC-ITSL Comparison with RITSL

Run 250C (CC-ITSL with Amocat lC 2nd stage catalyst) results are

compared with Run 247C and D (RITSL with Shell 324 2hd stage

catalyst). Amocat lC is a bimodal catalyst with a 1/16" dia-

meter. Illinois No. 6 Burning Star coal was processed without

. solids recycle. Coal space rates for these runs were similar.

Process operating conditions were similar for these runs except

for (i) higher Ist stage hydrogen partial pressure for 250C

(300-330 psia), (2) slightly higher resid content in the process

solvent for 250C, (3) less catalyst charge (higher 2nd stage

space velocity) for 250C, and (4) lower 2nd stage hydrogen

partial pressure for 250C (170-180 psia).
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Major observations in TSL performance are:

• CC-ITSL with Amocat IC (250C) showed lower hydrogen

consumption (by 0.5 wt % MAF coal), compared to RITSL

with Shell 324 (247C). C4+ distillate yield was
similar (60-61 wt % MAF coal).

• CC-ITSL with Amocat iC (250C)showed 11% (relative)

higher hydrogen efficiency compared to RITSL with Shell
324 (247C).

• CC-ITSL with Amocat lC (250C) showed 18% (relative)

better CI-C 3 gas selectivity compared to RITSL with
Shell 324 (247C).

These overall process performance improvements, high hydrogen

efficiency and low CI-C 3 gas selectivity, are due to the CC-ITSL

configuration without fractionation between stages and the
bimodal Amocat IC catalyst in the 2hd stage. The higher ist

stage hydrogen partial pressure (300-330 psia) and the higher

resid recycle could have affected the performance by improving

the performance in the ist stage. The low hydrogen consumption

with the high hydrogen efficiency appears to decrease the

hydrogen content of the distillate product, as shown in tables on

pages 40 and 42. The hydrogen c_ntent of recycle resid was
higher in 250C, although the second stage operated at a lower

reaction temperature, lower inlet hydrogen partial pressure and a

higher coal space rate (Reference 13). Amocat ]C catalyst has a

good hydrogenation activity of the resid. However, the distil-

late yield in the 2hd stage was 7 wt % MAF coal lower, this

could be due to the lower 2nd stage hydrogen partial pressure,
the higher coal space rate and the higher resid recycle (Table 3

on pages 102 and 103). Amocat lC catalyst might also have a
selectivity in hydrogenation and hydrocracking of the resid

different from that for Shell 324 catalyst. A detailed perfor-

mance comparison is given as follows:
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Operating period 247C 247D 250C

Mode P_ITSL RITS L CC-ITS L

Dates 10/29-26/84 11/I-19/84 I/I 1-16/86

Catalyst type Shell 324 Shell 324 Amocat IC

Ist stage

Reaction temp. , °F (average) 812 810 809

Coal space rate Low [x_w Low

Inlet hydrogen partial pressure (psi) 2180 2150 2480

2nd stage

Reaction temp. , °F (average) 698 711 703

Space rate, WHSV, hr -I 0.94 0.90 1.34

ib MF coal/hr-cu ft cat 20.1 19.5 22 7! •

Inlet hydrogen partial pressure (psi) 2700 2690 2520

Catalyst age

lb (res+UC+ash)/ib cat 283-372(a) 446-671(a) 302-396

Resid in solvent, wt % 43 44 48

TSL yield, wt % MAF coal

Hydrogen consumption 6.1 6. I 5.6

CI-C 3 gas (total gas) 7(12) 6(12) 5(11)
Water I0 9 I0

C4+ distillate 60 62 61

C4+ naphtha 12 11 11

Resid 5 3 2

Ash concentrate 20 21 22

HYdro@en efficiency

ib C4+ dist/ib H2 cons 9.8 10.2 10.9

CI-C _ selectivity (XI00)

to C4+ distillate 11 10 9

Energy re_ection, % 22 22 24

(a) Lb resid/ib cat.

CC-ITSL Run 250C also showed better ist stage process performance

with higher C4+ distillate by 8 wt % MAF coal, less CI-C 3 gas by

1-2 wt % MAF coal, and lower resid by 5 wt % MAF coal, compared

to RITSL Runs 247C and 247D. The higher hydrogen partial

pressure (300-330 psia) and the higher resid recycle could have
improved the ist stage performance.

TSL preasphaltene yields for CC-ITSL Run 250C and RITSL Run 247D
are compared as follows:
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Configuration RITSL CC-ITSL
Run 247D 250C

Catalyst type Shell 324 Amocat lC

Preasphalt ene yield
(wt % MAF coal)

ist Feed 5.4 1.7

Product 27.4 19.6 "

Net Yield 22.0 17.9

2hd Feed 27.4 19.6

Product 12.2 8.0

Net Conversion 15.2 11.6

Overall yield 6°8 6.3

CSD rejection 6.8 6.3

Pr easphalt ene conversion
wt % of feed

ist (a) 74 81
2nd 55 59

(a) Assume MAF coal is i00 wt % preasphaltenes.

CC-ITSL Run 250C produced 4 wt % of MAF coal less preasphaltenes

in the ist stage and decreased 2nd stage conversion by 4 wt % MAF

coal. The isr and 2hd stage preasphaltene conversion were

increased by 7 and 4 wt % of feed, respectively, for CC-ITSL Run
250C. This indicates that CC-ITSL with Amocat lC catalyst

improved preasphaltene conversion reactivity compared to RITSL

with Shell 324 catalyst. The higher hydrogen partial pressure

(300-330 psia) and the higher resid recycle could have improved

the Isr stage conversion, while the lower hydrogen partial

pressure, the higher coal space rate and the higher resid recycle
could have decreased the 2hd stage conversion.

For Wyodak Clovis Point coal with solids _recycle, Run 251-IIB

(CC-ITSL with Amocat lC 2nd stage catalyst) results are compared
with Run 249H (RITSL with Shell 324 2nd stage catalyst). The

following table shows a comparison of TSL process operating
conditions and performance data.
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Run no. 249H 25 i-IIB

Conf igur ation RITSL CC-ITSL

Thermal staqe

Average reactor temperature (°F) 803 819

" Inlet hydrogen partial pressure (psi) 2170 2510

Coal space velocity Low Low
Solvent-to-coal ratio 2.0 2.0

. Solvent resid content (wt %) 21 25

Iron oxide (wt %) 1.5 0.8

Catalytic stage

-- Catalyst Shell 324 Amocat IC

Reactor temperature (°F) 700 743

Space velocity (ib feed/hr-lb cat) 1.6 2.8
(ib MF coal/hr-cu ft cat) 31.5 43.6

Feed resid content (wt %) 27 31

Catalyst age (Ib (resid + CI)/ib cat) 1680-1830 910-970

CSD unit off-line on-line

Yield (wt % MAF coal) Actual Projected*

CI-C 3 gas (total gas) 7(16) 8(18)
Water 14 14

C4+ distillate 56 (57) 61
Res ld -7 (4 ) 4

Hydrogen consumption -6.3 -6.3

Hydrogen efficiency

(ib C4+ dist/Ib H2 consumed) 8.9 9.7

Distillate selectivity

(ib CI-C3/Ib C4+ dist) 0.12 0.13

Energy rejection (% of coal heating value) - (18) 13

Organics rejected to ash conc. (% MAF coal) (26)** (14) 9

*Projected yields with CSD operation.

**Vacuum concentrate organic rejection.

RITSL Run 249H yields for operation with the CSD unit were

projected from 249H yields by using CSD data obtained at the end
of Run 249. Although many differences in process operating

conditions such as reaction temperature, catalyst type and age,

space velocity and hydrogen partial pressure make the direct

. comparison difficult, the following observations can be made:

® CC-ITSL operation with subbituminous coal in the

thermal-catalytic mode achieved an "all-distillate"
t

yield slate while operating with a space velocity 40%

higher than in the RITSL configuration.
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• CC-ITSL with Amocat lC (251-IIB) showed higher C4+
distillate by 4 wt % MAF coal, compared to RITSL with

Shell 324 (249H). C4+ distillate yield was high, 61 wt

% MAF coal and potential liquid product yield (C4+
resid) was 65 wt % MAF coal.

• CC-ITSL showed lower organic rejection by 5 wt % MAF
coal. Organic rejection was low, 9 wt % MAF Coal.

• CC-ITSL showed 9% (relative) higher hydrogen
efficiency. Hydrogen consumption was similar (6.3 wt %
MAF coal).

• CC-ITSL showed higher 2nd stage resid + UC conversion
by 6 wt % of feed (8 wt % MAF coal), but lower ist

stage resid + UC conversion by 3 wt % of feed (3 wt %
MAF coa i ).

The /st stage performance declined with CC-ITSL Run 251-IIB

compared to RITSL Run 249H, that is, lower hydrogen consumption
by 0.5 wt % MAF coal, lower resid + UC conversion by 3 wt % of

feed (3 wt % MAF coal), and higher resid by 4 wt % MAF coal. The

decrease of Ist stage reactor exotherm by 26°F also confirmed the

decline of ist stage performance. The 2nd stage reactor exotherm

increased by 110% and 2nd stage hydrogen consumption increased by
0.5 wt % MAF coal, indicating higher hydrogenation in the 2hd

stage with CC-ITSL Run 251-IIB. The higher reaction temperature
and younger catalyst age in the second stage could affect the

process improvements, although 251-IIB operated at 40% higher
space velocity than 249H.
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(D) H_i_[h Coal Space Rate Comparisons

Three different ist stage reactor types were studied to investi-

gate effects of coal space rates and process configurations on

process performance. Reactor dimensions are given below:

SCT LCT CC

Reactor type (Short Contact Time) (Low Contact Time) (Close Coupled)
Conf igur ation ITSL ITSL CC-ITSL
Run 242 248 250

Dimension 1 I/4"(Sch 160)x606'L 5.2"IDx23 'H 11 7/8"ODx40'H

preheater coil no backmixing forced backmixing
tube

CC-ITSL 250E is compared with 242BC (ITSL-SCT) and 248F (ITSL-

LCT) as follows. Run 250E used an Amocat lC bimodal (1/16"
diameter) and Run 242BC and 248F used a Shell 324 unimodal Ni-Mo

catalyst (1/32" diameter) in the 2nd stage. Illinois #6 Burning

Star coal was processed without solids recycle. Coal space rates

for these runs were high. There are many differences in process

operating conditions, such as (I) catalyst type and age, (2)

reaction temperature, (3) Ist stage hydrogen partial pressure,
and (4) HTR space rate.

Major observations in TSL performance are:

• CC-ITSL (250E) with Amocat IC catalyst produced more

C4+ distillate by 4 wt % 5tAF coal compared to ITSL-LCT

(248F) and ITSL-SCT (242BC) with Shell 324 catalyst.

• CC-ITSL (250E) had higher coal conversion by 1-3 wt %
MAF coa i.

• CC-ITSL (250E) had lower organic rejection by 3-5 wt %
MAF coal.

• CC-ITSL (250E) had higher hydrogen consumption by
0.4-0.8 wt % MAF coal.

• ITSL-SCT (242BC) showed high hydrogen efficiency with

low Cl-C 3 gas selectivity.

Better TSL process performance with CC-ITSL, high C4+ distillate,
high coal conversion and low organic rejection, are due to the

• CC-ITSL configuration and the bimodal Amocat lC catalyst in the
2hd stage.

A more detailed comparison is given in the following table:P



Operating period 242BC 248F 250E

Mode ITSL ITSL CC-ITSL

Dates I_2/20/82._i/2/83 4/21_25/85 2/! 2_I_,86

Catalyst type Shell 324 Shell 324 Amocat IC

Ist staq_

Reactor SCT (pr eheat er ) ICT (50% ) CC (50% )
Reaction temp.,

°F (average) 860 (a) 835 829 "

Coal space rate High(b) High(b) High(b)
Inlet hydrogen partial pressure,

psia 2180 2170 2520

2nd stag_e

Reaction temp.,

°F (average) 720 728 750

Space rate, WHSV, hr -I 1.0 0.71 2.59

Ib MF coal/hr-cu ft cat 25.1 21.5 41.9
Catalyst age,

Ib (res+UC+ash)/Ib cat 278-441 359-3.96 1,040-1,191

Ib MF coal/ib cat NA NA 605-701
TSL yields, wt % MAF

Hydrogen -4.9 -5.3 -5.7

CI-C 3 gas (total gas) 5(9) 7(12) 6(12)
Water 10 9 9

C4+ distillate 54 54 58

C4+ naphtha 10 13 14

Middle dlstillate 7 8 7

Distillate solvent 37 33 36

Resid 8 8 7

Organic rejection 24 22 19

Coal conversion, wt % MAF 92 90 93

Hydrogen efficiency

Ib C4+ dist/Ib H2 cons. 11.0 10.2 10.2

_electivitY (Xl00)

to C4+ distillate 8.0 12.0 11.0

Energy _on, % 23-27 23 22

(a) Preheater outlet temperature.

(b) Space velocity representation restricted by confidentiality
agreements with Hydrocarbon Research, Inc.

ist stage performance was similar for 242BC, 248F and 250E, which

all had a high coal space rate. C4+ distillate was 25-28 wt %

MAF coal, and CI-C 3 gas was 3-5 wt % MAF coal. CC-ITSL Run 250E

showed higher coal conversion by 1-3 wt % MAF coal and higher
resid by 4-6 wt % MAF coal.
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TSL preasphaltene yields were calculated for 242BC (ITSL-SCT),

248F (ITSL-LCT) and 250E (CC-ITSL) and are compared below:

Run 242BC 248F 250E

Dates (12/20/82-!/2/83) (4/21-25/85) (2/12-16/8:6)

Conf igur at ion ITS LuSCT ITS L-LCT CC-ITSL

- Catalyst Shell 324 Shell 324 Amocat IC

Preasphaltene yield

(wt % MAF coal)B

1st Feed 6.3 5.4 6.8

Product 27.2 28.7 27.8

Net Yield 20.9 23.3 21.0

2nd Feed 20.9 22.0 27.8

Product 6.3 5.4 13.2

Net Conversion 14.6 16.6 14.6

Overall yield 6.3 6.7 6.4

CSD rejection 6.3 6.7 6.4

Preasphaltene conversion
wt % of feed

Ist (a) 74 73 74

2nd '70 73 53

(a) Assume MAF coal is 100 wt % preasphaltenes.

Similar net preasphaltene yield (Isr stage), net preasphaltene

conversion (2hd stage) and Ist stage conversion were observed for

these runs. The decrease of 2hd stage preasphaltene conversion

appears to be mainly due to a higher preasphaltene rate in the

2nd stage feed stream.
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(E) CC-ITSL Thermal-Catalytic and Catalytic-Catalytic Mode

Comparisons

TSL process performance is compared for CC-ITSL thermal-catalytic
mode Run 250 and catalytic-catalytic mode Run 251-I. Illinois #6

Burning Star coal was processed with solids recycle. Run 251-IE

with an Amocat lA ist stage catalyst and an Amocat IC 2nd stage

catalyst, and Run 250H with no Isr stage catalyst and Amocat lC

2nd stage catalyst are selected for comparisons because of
similar coal feed rates (280-300 MF ib/hr). Several process

operating conditions were different for these runs such as (I)

lower isr stage reaction temperature for 251-IE, (2) lower coal

space rate for 251-IE, and (3) high ist and 2hd stage catalyst

ages for 251-IE.

• Catalytic-catalytic mode (25!-IE) showed slightly

higher hydrogen consumption by 0.3 wt % MAF coal and

higher C4+ distillate by 8 wt % MAF coal.

• Catalytic-catalytic mode (251-IE) showed 8% higher

hydrogen efficiency.

• Catalytic-catalytic mode (251-IE) showed 8% better

CI-C 3 gas selectivity.

These overall TSL process performance improvements, high hydrogen

efficiency and low CI-C 3 gas selectivity, are due to the use of a
highly active Amocat lA catalyst in the ist stage. Amocat lA

catalyst for 251-IE increased the Ist stage C4+ distillate by 24
wt % MAF coal. The Ist stage hydrogen consumption increased by

2.4 wt % MAF coal. The isr stage resid + UC conversion increased

by Ii wt % feed (22 wt % MAF coal), while the 2nd stage resid +
UC conversion decreased by 8 wt % feed (15 wt % MAF coal). The

C4+ resid (potential liquid fuel) yield are the same for both
modes, 69 wt % MAF coal, with the same organic rejection, 15 wt %

r._AF coal. A detailed performance comparison is given in the

following table:
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Run no. 250H 25 I-IE

First st ag_e

Catalyst none Amoc at IA

• Average reactor temperature (°F) 834 808

Inlet hydrogen partial pressure (psi) 2410 2470

Coal space velocity High(a) High(a)

. Space velocity (Ib feed/hr-lb cat) - 2.7
(ib MF coal/hr-cu ft cat) - 36.3

Solvent-to-coal ratio 2.0 2.0

Solvent resid content (wt %) 39 40

Catalyst age (ib (resid+CI)/ib cat) - 2160-2250

Second stage

Catalyst ..... Amoc at IC.......

Reactor temperature (°F) 759 758

Space velocity (ib feed/hr-lb cat) 2.3 2.3
(ib MF coal/hr-cu ft cat) 34.7 37.2

Feed resid content (wt %) 46 39

Catalyst age (ib (resid + CI)/ib cat) 500-630 2310-2370

Yield (wt % MAF coal)

CI-C 3 gas (total gas) 8(13) 7(12)
Water 9 10

C4+ distillate 62 70
Res id 7 - I

}{ydrogen consumption -6.5 -6.8

Hydrogen efficiency

(ib C4+ dist/Ib H 2 consumed) 9.5 10.3

Distillate selectiv it_

(Ib CI-C3/Ib C4+ dist) 0.12 0.11

Energy content of feed coal

rejected to ash conc. (%) 18 17

Organics rejected to ash conc. (% MAF coal) 15 15

(a) Space velocity representation restricted by confidential

agreements with Hydrocarbon Research, Inc.

TSL preasphaltene yields were calculated for Run 2_I-IB (cata-

lytic-catalytic mode) and are compared with 250H (thermal-

. catalytic mode).

• Catalytic-catalytic mode produced less ist stage net

preasphaltenes by 8 wt % MAF coal.

• Catalytic-catalytic mode produced similar overall TSL

net pr easphalt ene.

63



• Catalytic-catalytic mode increased ist stage preasphal-

tene conversion by 8 wt % feed, but decreased 2nd stage
conversion by 41 wt% feed. The decrease of

preasphaltene conversion in the 2nd stage is probably

due to the operation at a higher space rate and higher

catalyst ages.

Run 250H 251-IB

( 3_,1 3,-3/,1,6,,/86,) ( 5/1 1-5/14/86 )

Operat ion Mode Thermal-Catalyt ic Catalyt lc-Catalytic

Catalyst type

Ist stage None Amocat IA

2nd stage Amocat 1C Amocat IC

Preasphaltene yield

(wt % MAF coal)

Ist Stage Feed 5.5 4.8

Product 19. I 10.2

Net Yield 13.6 5.4

2nd St age Feed 19.1 I0.2

Product 9.0 9.0

Net Conversion I0. I 1.2

Overall Yield 4.5 4.2

CSD Rejection 4.5 4.2

Preasphaltene conversion
wt % of feed

Ist stage (a) 82 90

2nd stage 53 12(b)

(a) Assume MAF coal is 100 wt % preasphaltenes.

(b) Operated at a higher coal space veloc[th, and higher catalyst ages.
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(F) CC-ITSL Catalyst Type, Reaction Temperature and Space
Velocity Studies

During Runs 250 and 251 many process conditions were varied to

study TSL system process performance responses in the CC-ITSL

. configuration. Major process variables evaluated during these
runs are:

• Coal type: Illinois No. 6 Burning Star Mine

" Wyodak Clovis Point Mine

• Operation mode: thermal-catalytic
catalyt ic-catalyt ic

• Solids recycle

• Reaction temperature
Ist stage: 775-835 °F

2nd stage: 700-775 °F

• Coal space rate: Low to High

• Space velocity

ist stage: 2.7-4.2 ib feed/hr-lb cat
(35-60 ib MF coal/hr-cu ft cat)

2nd stage: 2.3-3.9 ib feed/hr-lb cat

(23-60 ib MF coal/hr-cu ft cat)

• Catalyst type

ist stage: Amocat lA 1/16" (Co-Mo)

2nd stage: Shell 324 1/32" (Ni-Mo)
Amocat lC 1/16" (Ni-Mo)

• CSD DAS type: 3504--3100, 2203-2653, 2504-2754

Specifically, reaction temperature, space velocity and catalyst
activity effects on TSL system process performance were empha-

sized to investigate their selectivity on C4+ distillate, C4+

naphtha and Cl-C 3 gases.

Results from the CC-ITSL configuration study were reported in

Technical Progress Report Run 250 (Ref. 13) and Technical
Progress Report Run 251 (Ref. 14).
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(G) Heteroatom Removal Comparisons

TSL system H20, H2S and NH 3 yields for 250D and G (thermal-

catalytic mode) and 251-IE (catalytic-catalytic mode) in the

CC-ITSL configuration are compared below, to study effects of
Amocat lA (Co-Mo) 1/16" catalyst in the ist stage on TSL system

heteroatom (O, S, N) removal. Illinois No. 6 Burning Star Mine

coal was processed during these runs.
a

Run 250D 25_ 2SI-_¢

Operat £on Mode thermal-cat aIYt lc thermal-catalytic catalytic-catalytic

Solids recycle hk) Yel Yes

Catalyst type

Isr stage none none Amocat IA

2hd stage Amocat IC Amocat IC Amocat IC

Catal_st a_e, Ib( res_l )/Ib cat

let stage . - 2159-2245

2hd stage 697-786 346-439 2313-2374

Reaction temp-j °F

let stage 824 829 808

2hd stage 742 750 758

S_ace velocity, Ib f.___ee_.d/hr-lbcat

Isr stage -High(a) -(High) (a) 2.67(High) (a)
(]6.])(b)

2hd stage 2.08 2.23 2.28

(lh MF coal/hr-cu ft cat) (34.2) (33.8) (37.2)

H20 ly!eldf wt % MAF coal
TSL 9.5 10.2 10.3

Isr stage 5.6 5.9 5.9

2nd stage 3.9 4.3 4.4

H2S yield, wt % MAF coal
TSL 2.7 2.7 2.9

Isr stage 1,6 1,5 2.6

2hd stage I. I I. 2 0. ]

NH_ _ield, wt % MAF coal
TSL 1.2 I.] 1.4

let stage 0.] 0.I 0.7

2hd sttage 1.0 1.2 0.7

H__ coneump, r wt % MAF coal

TSL 6. I 6.4 6.8

Isr stage 1.7 1.8 4.5

2nd stage 4,4 4.6 2. ]

(a) Coal space rate.

(b) Lb MF coal/hr-cu ft cat,

The catalytic-catalytic mode with Amocat IA catalyst in the 1st

stage, produced more H2S and NH 3 in the Isr stage with higher

hydrogen consumption, while producing less H2S and NH 3 in the 2hd
stage with lower hydrogen consumption. Overall TSL system

heteroatom removal was similar for both modes or slightly better
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in the catalytic-catalytic mode. Sour water analyses (Table 7)
confirmed the above observed high catalytic activity of Amocat lA

(Ist stage) in the catalytic-catalytic mode in heteroatom

removal. The isr stage sour water produced in the catalytic-

catalytic mode contained much higher sulfur and nitrogen than
that in the thermal-catalytic mode. However, the 2nd stage sour

• water had similar sulfur and nitrogen contents for both modes,

which is inconsistent with the decreases of 2nd stage H2S and NH 3

yields in the catalytic-catalytic mode, compared to the thermal-
. catalytic mode. Sour water analyses data for other configu-

rations in the thermal-catalytic mode of operation (Tables 7 and

8) were not different enough to see configuration effects on
bet eroatom removal.
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(7) Catalyst Activity and Requirements Comparisons

Catalyst activity and deactivation in coal liquefaction and resid

+ UC hydrotreating reactions are very complex, involving numerous
chemical compounds and reaction routes. Generally, deactivation

is understood a catalyst activity decline due to the loss of

active sites caused by coke formation on the catalyst, metal

poisoning, sintering, etc. Catalyst pore volume and surface area

become reduced by the deactivation. In order to understand the

catalytic resid + UC conversion reaction for the distillate

production, a simplified first-order kinetics model has been

extensively tested and developed for an ideal continuous

stirred-tank reactor (CSTR). The model bases and assumptions

were reported in Topical Report No. 4, "Catalytic Hydrogenation

Unit Studies" (Ref. 23) and are also attached in Appendix A.

This model has been continuously applied and practiced in
various configuration studies (NTSL, ITSL, DITSL, RITSL and

CC-ITSL) to evaluate the catalyst activity and deactivation in

the TSL process. Catalyst activity and deactivation study
results have been published (Ref. 4-14, 22-28).

Basically catalyst activity is defined as a function of space

velocity, resid + UC conversion, reaction temperature and

catalyst age. These process variables are experimentally

measured for activity calculations. All runs except for Run 245

operated in the batch mode. Run 245 was a proof-of-concept run

to simulate a commercia] plant operation by employing 1 ib/ton MF
coal catalyst replacement in the second stage (Ref. 8 and 27).

Catalyst activities were calculated assuming that the resid + UC
conversion reaction follows first-order kinetics for a continuous

stirred tank reactor. The conversion rate constant (K) is

expressed in terms of two experimentally determined quantities:

feed weight-hourly s]?ace velocity (WHSV) and resid + UC
conversion (c).

c
K = WHSV

I-_

The dependence of the conversion rate constant on temperature (T)
is described by the Arrhenius equation and the deactivation of

the rate constant with ca_.alyst age (t), [expressed as ib (resid

+ Cl/Ib cat] is described by a deactivation model.

K = A e-E/RT e-:_t

In thi.s equation, A is the frequency factor, E is the apparent
activation energy, and (_ is the deactivation coefficient. The

equilibrium cata]yst activity (Ke q) with catalyst replacement
for commercial plant simulation is determined by using the
residence time distribution function, RTD(t).

: RTD(t) K(t)dt
K eq o
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The linear regression analysis equation for the conversion rate
constant (K) becomes:

in K = In A - E/R (I/T) - st

K: rate constant, [l/hr]

. A: frequency factor

E: activation energy, EBtu/ib,mole]
R: ideal gas constant, EBtu/ib-mole-°F]

T: reaction temperature, E°R]

_: deactivation coefficient, El/tj

t: catalyst age, Elb (resid+CI)/ib cat]

Catalyst requirements for the commercial _lant simulation are

projected by using a continuous catalyst replacement at infinite

time (Ref. 25-28). The equilibrium catalyst activity (Keq)
with a_l equilibrium catalyst age distribution at infinite time
can be calculated as shown below. Three different deactivation

coefficients (C_l, _2 and _3) are assumed for this
calculation.

S RTD(t)K(t) dt
Keq = 0

RTD(t) = i/t e-t/'_

= catalyst hold-up/catalyst addition rate

k(t) = k_e-o,t 0 < t _ fsc1

= t <tsc2

k(t) = ko"e-°at t >-tsc2

k, I;_] +

The above equation applies only for the continuous catalyst

replacement. For the discrete replacement mode of operation, the

average catalyst bed activity can be calculated from the history
of the discrete replacement, as practiced in Run 245 (Ref. 8 and

27). It is a weighted average activity by using the age and
• activity distribution in the catalyst bed at a particular time.

It is evident from the above discussion that the catalyst

requirement projection involves a complex theoretical calculation

" accommodating activlity level, deactivation path and age
distribution. Specifically, the projection calculation requires

the data of catalyst age (t), activity (K), deactivation

coefficient (e) and age residence time distribution (RTD).
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CC-ITSL catalyst batch deactivation trends without solids recycle

(Run 250CDE) are compared to ITSL (Runs 242, 243 and 244) and

RITSL (Run 247) operations irl Figure 23. Illinois No. 6 Burning
Star Mine coal was processed for these configurations. CC-ITSL

catalyst deactivation rates were lower than for ITSL or RITSL. In

general Amocat lC catalyst with CC-ITSL showed higher catalyst
activity at catalyst ages above 400 Ib (res+UC+ash)/lb cat than

observed with Shell 324 catalyst for ITSL or RITSL.

In order to compare catalyst activity and deactivation impacts on
the overall TSL process performance with different configurations

and catalysts, equilibrium activity (Keq) and resid conversion

(ceq) are calculated and compared below.

• equilibrium activity (Keq) at set process conditions

- catalyst addition = 1 lh/ton coal = 2.5 ib/day
-WHSV = 1.0 lh/br feed/lh cat

- catalyst inventory = 410 Ib

- catalyst aging rate = 13 ib/ib cat/day
- temperature = 720°F

- coal = Illino_s _6 Burning Star

_"_SZ, 242, 24], _44 I_ell 324 0,197 IQ,S Ib. qJ)4zI OI "_0,000
R£TSL 247 She _,]. 324_ _.293 22.6 I, 271107 3S, _00
Ct- rl'sL 2501 She_l ]24 O..130 24.1 -
Ce-rTS[, 2SOCDII Aeon.4t tC 0,4S? 31.4 1.t?ulO li 44,600
¢C-r_'SL 250rqll Am,_ca_ IC o. ]57 _Q,] ]._l,,lO ? 4a, $00

CC-ITSL equilibrium conversion (_ eq) was higher than RITSL by
10-40%, based on a catalyst weight basis. It indicated that

CC-ITSL may require le_ catalyst ir_ventory and less reactor size

for fixed TSL performance h.it] the same catalyst addition/with-

drawal rate. The followi,]g equation is used to convert from a

catalyst weight basis to a catalyst volume basis with the

different catalyst densit [es and catalyst charge volumes:

< K Amocat_ _K Amocat_
K Shell-/ volume : 0.8_"_-_,) weigh[

CC-ITSL equilibrium conversion (_teq) was again higher than RI'£SL
by 10-20 %, based on a catalyst volume basis.

6

Amocat lC catalyst showed higher u_uilibrium conversion (ceq)

compared to Shell 324 catalyst, by 20% based on a catalyst weight
basis, and by 10% based on a catalyst volume basis. CC-ITSL wit!%

the Amocat IC catalyst may re-quire less catalyst inventerry and
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less reactor size for fixed TSL performance with the same

catalyst replacement rate, compared to CC-ITSL with the Shell 324

catalyst.

The projected catalyst replacement rate of Amocat lC in CC-ITSL (no
solids recycle) _or an "all-distillate" product slate was less than

- 1 Ib cat/ton MF coal at a 750°F HTR reaction temperature and a WHSV
of 2.1 hr -I. Results are summarized below:

. Set operating conditions:

-Wf{SV = 2.1

- catalyst inventory = 340 ib

- catalyst aging rate = 30 ib/ib cat/day
i

Catalyst

(ib/ton coal) Temperature, (°F) K_eq (hr -I) _ (%)

Case I 1.0 720 0.416 16.5

Case II 1.0 740 0.579 21.6

Case III 1.0 750 0.681 24.5

Case IV 0.75 750 0.622 22.9
Case V 0.5 750 0.527 20.1

ist stage catalyst (Amocat IA) deactivation trends (overall,

ca_<alytic and thermal rate constants) in the CC-ITSL catalytic-

catalytic mode of operation (Run 251-I) with Illinois No. 6

Burning Star Mine coal are plotted in Figure 24. The first stage

reaction temperature selected is 805°F. The thermal rate

constant (KT) was calculated with limited data available during
Run 250CDE, in order to compare projected catalyst replacement

rates with both overal] (K) and catalytic (Kc) rate constants.
Results were not significantly different, as shown below:

Assuming the thermal reaction rate constant at 805°F (0.58 hr -I

from Run 250CDE) is not dependent on the catalyst age, then the
catalytic reaction rate constants at 805°F can be assumed as
follows :

Catalyst ag_e
--(0-100) : K-} HSv KTSV

KC = 4.24 (e-0"00493t)-0.58

(100-2800) KC = 2.68 (e-0'00034t)-0.58

Although inK C equations are non-linear, approximate linear
equations are used for projected catalyst replacement
ca Iculat ions.

a__roximat e equ_t ion
_(O-i00) .... }<C = 3.66 e-0.006t

(100-2800) KC = 2.10 e-0.0005t
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Projected catalyst replacement rates in the ist stage were

similar for both with overall (K) and catalytic (Kc) rate
constants. Run 251-IAF at two different WHSV (2.7 and 4.2 hr -I)

was selected f)r calculations as tabulated as follows:

Projected catalyst

WHSV Rate constant Target Resid + UC replacement "

Run hr-____! used conversion, wt % feed ib/ton coal

251-IAF 2.7 overall(K) 33.8 1.5

catalytic (KC) 22.9 I.3

4.2 overall(K) 3 1.5 3.2

catalytic (KC ) 24.3 3.3

(A) _ = 2.7

Projected

catalyst

repl ac _ment

Case I 1.,J 805 0.689 20.3

Case II I.[_ 805 0.821 23.3

Case III 1.5 805 0.894 24.9

(B) WHSV = 4.2

Projected

catalyst

rep Iac eme nt

(ib/ton coal) Temperature (°F) _ eq (hr -I) _c e_ (wt %)

Case I 3.0 805 1.294 23.6

Case II 3.5 80 1.379 24.7

Catalytic-catalytic mode (251 IAF) catalyst batch deactivation

trends are compared to the pr :vious thermal-catalytic mode with

solids recycle (250FGH) in Fi(;ure 25, using overall rate con-

stants. Catalyst deactivatioll of Amocat lC in the 2nd stage in

the catalytic-catalytic mode _,as insignificant and much smaller

than in the thermal-catalytic mode. This low deactivation in the

2hd stage is probably due to emoval of catalyst deactivation and

poison material in the coal s urry feed by employing a catalyst
Jn the isr stage.

Activation energy (E), Irequei_cy factor (A), deactivation

coefficient (c<), and overall late constant (K) were calculated

and are summarized as follows:
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Solids Freq. factor Act. energy Deact. coeff.

Run recycle Stage Cata_ A(hr -I ) E (Btu/lb-mole)

250FGH Yes Ist None - - _

2nd Amoc at IC 3.98xi07 42,500 2.4x10 -4

251-IAF Yes Ist Amocat IA 1.32x1010 56,100 3.4x10 -4

2nd Amoc at IC 3.01xi07 42,300 5.0xi0 -5

o

Rate constant (K) equation

Catalyst age

Run Temperature, °F Ib(res+CI)/ib cat Equation for K(hr -I)

250FGH 760 (2nd stage) 0-100 K = 3.58 e-0.0134t

100-1700 K = 0.96 e-0.00024t

251-IAF 805 (Ist stage) 0-100 K = 4 24 e-0 00493t.

100-2800 K 2168 e-0100034t(assumed)

251-IAF 760 (2hd stage) 0-100 K = 1.29 e-0.00493t
(assumed)

I00'280_ K = 0.80 e-0"00005t'

Projected catalyst replacement rates for "all-distillate" product

slates were calculated with both catalytic-catalytic mode and
thermal-catalytic mode, and are summarized below:

Catalyst addition rate for "all-distillate" slate

Proj ect ed

catalyst

Base WHSV, TSL C4+ dist replacement
Run Data Stave _ hr -I wt % MAF Ib/ton coal

250FGH 250G Ist (thermal) None -

2nd(catalytic) Amoc at IC 2.3 68 2.9

251-IAF 251-IE Ist(catalytic) Amocat IA 2.7 70 1.5
2nd(catalytic) Amocat IC 2.3 0.15

251-IAF 251-IC Ist(catalytic) Amocat IA 4.2 3.2

2nd(catalytic) Amocat IC 3.8 67 0.7

73



(A) Run 250FGH (2nd stage- Amocat lC)

- WHSV = 2.3

- Catalyst inventory = 340 Ibs

- Catalyst aging rate = 30 ib (resid + CI)/ib cat/day

- Base data = 250G: 2nd stage conversion = 27.3 wt % feed

TSL C4+ dist = 68 wt % MAF

Organic rejection = 15 wt % MAF

Projected

catalyst

repl a_ ement

(ib/ton coal) Temperature (°F) _ (hr -I) Ceq (wt %)

Case I 1.0 760 0.59 20.3

Case II 2.0 760 0.77 25.1

Case III 2.9 760 0.86 27.3

Case IV 3.0 760 0.87 27.5

Case V 4.0 760 0.94 29.1

(B) Run 251-IAF (ist stage-Amocat lA)

- WHSV = 2.7

- Catalyst inventory = 340 ib

- Catalyst aging rate = 45 ib (resid + CI)/ib cat/day

- Base data = 251--IE: ist stage conversion = 33.8 wt % feed

TSL C4+ dist = 70 wt % MAF

Organic rejection = 15 wt % MAF

Projected

catalyst

repl ac ement

(_ib/ton coal) Temperature (°F) K__ , ,hr-1). eeq (wt %)

Case I 1.0 805 _.113 29.2

Case II 1.5 805 1.390 34.0

Case III 2.0 805 I.589 37.1
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Run 251-IAF (2nd stage- Amocat lC)

- WHSV = 2.3

- Catalyst inventory = 340 ib

. - Catalyst aging rate = 30 ib (resid + CI)/ib cat/day

- Base data = 251-IE: 2nd stage conversion = 14.6 wt % feed

TSL C4+ dist = 70 wt % MAFo

Organic rejection = 15 wt % MAF

Projected

catalyst

repl ac ement

(ib/ton coal) Temperature (°F) K eq (hr -I) eeq (wt %)

Case I 0.15 760 0.413 15.2

Ca % II 0.25 760 0.513 18.2

Case III 0.5 760 0.6? 21.4

Case IV 1.0 +760 0.708 23.6

(C) Run 251-IAF (ist stage- Amocat lA)

WHSV = 4.2

- Catalyst inventory = 340 ib

- Catalyst aging rate = 70 ib (resid + CI)/Ib cat/day

- Base data = 251-IC: Ist stage conversion = 31.5 +4t % feed

TSL C4+ dist = 67 wt _ MAF

Organic rejection = 18 wt % MAF

Projected

catalyst

repl ac ement

(Ib/ton coal) Temperature (°F) Keq (hr -I) _ (wt %)

Case I 1.0 805 I. 132 21.2

Case II 2.0 805 1.608 27.7

Case III 2.5 805 1.758 29.5

Case IV 3.0 805 1.876 30.9

Case V 3.5 805 1.971 31.9



Run 251-IAF (2nd stage - Amocat lC)

I - WHSV = 3.8

- Catalyst inventory = 340 Ib

- Catalyst aging rate = 50 ib (resid + CI)/ib cat/day

- Base data = 251-IC: 2nd stage conversion = 14.9 wt % feed

TSL C4+ d ist = 67 wt % MAF
Organic rejection = 18 wt % MAF

Projected

catalyst

repl acement

(Ib/ton coal) Temperature (°F) Keq (hr-I) c eq (wt %)

Case I 0.5 760 0.621 14.1
Case II 0.75 760 0.674 15.1

Case III 1.0 760 0.'705 15.6

Case IV 2.0 760 0.760 16,7

At a coal feed rate of 280-300 MF lb/hr, the catalytic-catalytic
mode (251-IAF) required less catalyst addition/withdrawal rates

than the thermal-catalytic mode, that is, 1.7 versus 4.5 ib/ton

coal. This lower catalyst requirement in the catalytic-catalytic

mode is mainly due to high catalyst activity of Amocat lA in the

Ist stage, low catalyst deactivation for both ist and 2nd stage
catalysts, and enhanced hydrogen transfer in the ist stage

because of high catalytic rehydrogenation of recycle process
solvent.

Projected catalyst requirement at a higher coal feed rate of 480

MF ib/hr in the catalytic-catalytic mode was 2.3 times higher
(3.9 vs 1.7 ib/ton coal) than at a coal feed rate of 300 MF
ib/hr.

Detailed data for catalyst characterization and analytical data
were reported in Technical Progress Report Run 250 (Reference 13)
and Technical P_ogress Report Run 251 (Ref. 14).

The CSTR Ist order kinetics model was developed from data

generated in the ITSL configurati ,n (thermal-catalytic mode).
This mode] was also successfully applied in the CC-ITSL
catalytic-catalytic configuration in Run 251-I (Ref. 14). To

further verify the model in the CC-ITSL configuration, a parity
plot of estimated coal feed rates against actual experimental

coal feed rates was developed for periods 251-IB, IC, ID and IE,

and is illustrated in Figure 26. Comparison results are

summarized in Table 13. Thi,_ comparison study shows that the

CSTR ist order kinetics model represents very _ell the
experimental data with less than ]3% error (relative) in the

coal feed rate. Periods 251-ID and IE have h_gh errors, ]1-13%

(relative), probably due to the transitional period for 25"-ID

= aI_d the lower experimental activity in the second stage t]_ai_ the_
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model predicted for 251-IE. Zero-time responses due to the coal
space velocity changes experimentally measured in periods 251-IC,
ID and IE follow the CSTR Ist order kinetics model (Figure 27).

Figures 28-31 show calculated equilibrium catalyst age distri-
butions (RTD) for Runs 253JK/244B, 250G and 251-IC. The age

. distribution is dependent on the catalyst replacement rate. The

equilibrium catalyst act vity (Ke q) with catalyst replacement
also varies due to the age distribution. Projected catalyst

• requirements discussed irl this report are calculated by using Keq
for the commercial plant operation simulation. This projection

is different from the replacement to achieve the steady-state

operation, as compared I I w.

.Steady-state Projected catalyst

Coal feod catalyst age catalyst addition replacement at equilibrium

Run ____ St_e !}i MF coa]/Ib cat _n MF coal ib/ton MF coal

250G - 280 2hd 236 7.3 2, 9_0.3

251-IE 300 Isr 1098 1,8 1.5_0, I

2hd 1504 1.3 0,2f0.1

total 3, I 1,7_0,2

251-IC 480 Isr 763 2.4 3, 2_0,2

2nd 1168 1,7 0, 7±0,2

total 4, I 3,9±0.4

The catalyst addition rate based on the every other day addition

practiced at the plant was calculated to achieve the steady-state
operation at a constant caLalyst age measured for each period.

It is quite obvious that this addition is different from the

projected r-eplacel_ent at equilibrium. This addition does not
account for the ac_,edistribution at equilibrium (Figures 28-30)

the average activity at equilibrium (Kea) and the deactivation

slope (c_). One might easily visualize Chat when operated at this
addition rate the process performance is different from the

measured for each period. The projected catalyst replacement at

equilibrium was calculated to achieve the same performance
measured for each period. The projection better represents the

catalyst requirement for the commercial plant operation in each

period tested at the plant.

The projected catalyst replacement at equilibrium for Run 251-IE is
0.2+_0.1 ib/ton MF coal in the second stage. This value seems

unrealistically low, probably due to the rate constant equation

developed based on limited number of data points measured in Run
25!. Future runs are recommended to test at steady-state operation

with catalyst replacement to verify the model used in calculation of

" the projected catalyst replacement at equilibrium. This test

requires lengthy operation to investigate the impact of the
catalyst replacement on the process performance, i.e., yield

structure, etc. Sensitivity studies are also suggested to better

coefficient on the catalyst replacement.
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V. CONCLUSIONS AND RECOMMENDATIONS

CONCLUSIONS

The following conclusions were drawn from the 'i'SL data configu-

ration analysis presented in this report.

I. Processing Illinois No. 6 Burning Star Mine coal, the

CC-ITSL catalytic-catalytic mode of operation with

solids recycle produced the highest C4+ distillate, 70

wt % YJ_F coal. Hydrogen efficiency declined slightly

due t_ the high hydrogen consumption required to

produce high C4+ distillate, compared to the ITSL
configuration. The organic rejection was the lowest,

15 wt % MAF coal, probably due to the solids recycle.

The C4+ naphtha yield was the highest, 19 wt % MAF

coal. The C4+ distillate product was composed of 27 wt

% C4+ naphtha, ii wt % middle distillate and 62 wt %

distillate solvent. Distillable product quality was

very good, having a high hydrogen content and low

levels of nitrogen and sulfur. Good product quality
was accompanied by high hydrogen consumption and a

sligh_ decline of hydrogen efficiency. Therefore, the

high hydrogen consumption appears to be a trade off

with improved product quality. "All-distillate"

product slate was produced at high coal space rates,

without lowering distil]able product quality. Catalyst

requirements were low because of high catalyst

activ ty, low catalyst deactivation rates and perfor-

mance improvements Oy employing catalyst in both
stages.

2. Processing Wyodak C[ovis Point ;dine coal, the CC-ITSL

thermal-catalytic mode of <)per _iion with solids recycle

produced the hi ghes< C4+ dlstillate, 61 wt % MAF coal.
Hydrogen efficiency was similar to that of other

confi(iurations. The organic rejection was the lowest,

9 wt % MAF coal, due to the solids recycle and the

CC-ITSL configuration. The C4+ naphtha yield was the
highest, 20 wt % MAF coal. The C4+ distillate product

was compos_] of 33 wt % C4+ naphtha, 16 wt % middle
disti}]ate and 51 wt % distillate solvent. "All

distillate" product slate was achieved w]_ile operating

with space velocity 40% higher _ Ln the RITSL configu-

ration. The higher reaction t_,mperature and the

younger catalyst age could affect the process improve-
ments in the CC-[TSI_ configuration, although operated

at 40% higher space v,_ocity. Good TSL process

performance, high C4+ c]isti] late, high hydrogen

efficiency and low organic rejection are due to the

CC-ITSL configuration an<] hi,lib catalyst activity of the

bimoda[ Amocat lC catalyst [J_ the 2n(] stage.

_
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3. Solids recycle significantly affects TSL syst,_.m process

performance characteristics with both Illinois No. 6

and Wyodak coal; reducing the hydrogen efficiency and

decreasing the organic rejection. The CI-C 3 gas

selectivity is not affected significantly.

4. A high hydrogen efficiency was observed in the ITSL

configuration with Illinois No. 6 coal (11.3 ;b C4+

dist/Ib H 2) and in the DITSL configuration with Wyodak
coal (1.0.2 lb C4+ dist/ib H2). However, both ITSL and

" DITSL configurations produced less C4+ distillate than

the CC-ITSL catalytic-cataly, tic mode with Illinois No.
6 coal and the CC-ITSL thermal-catalytic mode with
Wyodak coal. The ITSL-LCT configuration with the i_on

oxide addition processing Illinois No. 6 coal produced
the higllest C4+ distillate in ITSL, 64 wt % _bkF coal,

with a ]_igh hydrogen efficiency.

5. The process configuration affects the TSL dis_ illate

product distribution more with Wyodak coal than with
Illinois No. 6 coal. With II]inoJs No. 6 coal, the

catalyst addition or charge in the ist stage _uch as

the iron oxide addition in the coal slurry, s_)lids

recycle and the use of an active hydrotreating catalyst
in the CC-ITSL catalytic-catalytic mode are more

important factors than the process configuration.

Processing Wyodak coal, DITSL and ITSL configurations

produce more middle distillate and the CC-ITS], config-

uration produces more C4+ nap]_tha, compared to other
configurations. Processing Illinois No. 6 coal, the

catalyst addition or charge in the ist stage increases

the C4+ na};]_tha yield by exJ_anclng catalytic hydro-
cracking of di st-illate pro<]ucts.

6. High hydrogen tra,_sfer from process solvent to coal in

the Ist stage im[,roves TSL hydrogen efficiency.

7. Solvent quality of i)rocess solvent is a function of

hydrogen contents of resid and distillate portions of

recycle process soi'Jent. Optimum hydrogen content of

process solvent for high solvent- quality may be
different with d iffere_it co_ils.

8. The maximum hydrogc.._ eff:[:_iency can be achieved at
around 60% isr_ staq_; col_tribut:ion in TSL C4+ distillate
products, process i r,<] Illinois No. 6 coal. The CC-ITSL
cata].ytic-c,_talytic mode off operation showed a rela-

" tive]y low hy_lro,:](,_ieff[cienc, y with a high Ist stage
cont ribut iorl (81.%).

. 9. CC-ITSL and RITSI_ configurations improve distillable

product clua]ity by c()nsllming more hydrogen, compared to

the ITSL configur,_t-ior,. CC-I'I'SL and RITSL configu-

rations pro(]uce a ]ligh quality "all-distillate" product
slate with a higkl hydrogen content and low levels of

-
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RECOMMENDAT ION S

Future study areas for potential improvements in the process

performance and economics and to expand the coal liquefaction

technology data-base include: /

i. Improve the hydroger_/_,!f_/clency in the CC-ITSL cata-

ly{ic-catalytic mode of :/)pe_ation processing Illinois
No. 6 bitumlnous coal, by determinlng optimum process

operating conditions. This would include the ].st stage

reaction temperature, coal space rate, feed space

velocity, hydrogen partial pressure, 2hd stage reaction

temperature, catalyst activity and deactivation,

process solvent activity and llydrogen transfer of
recycle process solver,t in the ist stage.

2. Expand the data base of both the CC-ITSL thermal-

catalytic arld catalytic-catalytic modes of operation
with Wyodak subbituminous coal, in order to determine

optimum operatinq conciitions for high hydrogen
efficiency.

3. Study the CSD performance with solids recycle to reduce
the organic rejection below i0 wt % blAF coal with
Illinois No. 6 coal.

4. Test alternate coals such as bitumino_is, subbituminous,
lignite and cleaned coal in both CC-ITSL thermal-

catalytic and catalytic-catalytic mode of operation in

order to general_ze the TSL system process perfor-
ma nc e.

5. Test inexpensive and better catalysts with high

catalyst act,[vity and s,._!.ectivity to reduce plant
design an(1 operation costs for commercia].ization.

6, Develop TSL system process performance models to allow

accurate predictions of the system response to changes
in process variables and the concurrent effect on the

process economics.

7. Improv_ reactJc,!_ system co_ifigurations, i'

8. Develop alternate deashing processes.

9. Determine optimum Cata].yst requirements employing

catalyst cascading at two-stage equilibrium activity
level s.

i0. Eliminate thr _ interstage sc_paration and test ].ow

reaction system pressures for the capita], cost
r educt ion.

ii. Reduce the solvent-to-coal ratio and eliminate ash

I
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12. Increase reactive resid recycle for distillate
product ion improvement.

13. Increase gas-oil recycle for the improved distillate

product quality.
P

14. Experiment with Wyodak subbituminous coal at high coal

throughputs and at high catalyst ages with a high

slurry drying capacity to expand the process database.t

15. Increase second stage reaction temperature to improve

catalyst activity.
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APPENDIX A _

Catalyst Activity and Deactivation

Theoretical Background (Ref. 23)

o

A. LUMPED KINETICS (Ref. A-I)

Normally, when complex feedstocks are involved in any reaction,

" describing the kinetics of each individual species can be a

monumental task. One effective method of simplifying this
problem is to group (or "]ump") many of the species and then

develop reaction models on this basis. It must be recognized
that this so called simplified basis can, in principle, be

developed to any desired level of sophistication and complexity.

The degree of refinement of a lumped model is dictated by the

final objectives of the research, the quality and quantity of
available data, and available human and computer resources.

For the purposes of this study_ a simple three-lump model is

proposed. SRC (+850°F), distillates (350°F-EP), and light-ends
were defined as the three basic pseudo species, and tl_e reaction
mechanism was assumed to be as follows:

A Kl,n I _ B

[SRC-H2J ,, m [DISTILLATE] (A-I)

K3, n3'X_ ' _ /K2, n2
[LIGHTS]

C

In the above series/parallel reaction , kl, k2, and k 3 are the
reaction velocity constants, and hl, n 2, and n 3 are the orders of

reaction. These constants are defined in general terms by the
following differential equation:

r

dC _ k Cn
- r = dt ' (A-2)

" where r is the reaction rate or the differential change
in concentration, C, with respect to time, t.

• T_e above mentioned equations describe the reaction mechanism and

kinetlcs. However, this in itself does not provide the full

picture. Mass and energy balances around the reactor provide the
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basis for relating the production rate and chemical composition

of the products to the chemical reaction rate. We do this by

postulating an ideal reactor that we believe closely approximates
the real system.

B. EQUATIONS OF CONTINUITY (Ref. A-2)

The simplest of the ideal reactor models that describes an

ebullated bed system is an isothermal recycle reactor shown
below. ' '_

q
A

A
B

-'--I, Q (RECYCLE FLOW)

V ' _" (RECYCLE RATIO)

DISTANCE= Al "--'_i "-"
• i m

q (TOTAL FLOW)

A O (INITIAL CONC)

Bo

The basic equations tor a recycle reactor are:

Q + q d_ : - k nl - k (A-3)S dx *CA 3C_ s

n, n
Q +S c{_ = + k,C A - k2C B2 (A-4)

The above equations describe the differential change in concen-
tration of species A and B along the length, x, of the rector in

terms of the kinetic constants defined earlier. In an integrated

form, these equations define the production (or yield) of species
B and disappearance (or conversion) of species A.
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In order to integrate the above equations explicitly, the

following assumptions were made:

Assumptions Implications

- (a) n I = n2 = n 3 = i First order kinetics
(b) k 3 o Parallel reaction neglected

(c) kl_k2_o Series reaction
• (d) Space rate replaces Constant density, single

residence time, VR/q phase and uniform catalyst
distribution.

(e) l{ecycle ratio = R = Q/q

Based on these assumptions, the following forms of integrated
conversion models were derived:

IF R _ O &< aO (RECYCLE REACTOR) (_ " k l

% , ,( = CONVERSION ='11 - ) = 1 - ,EXP, WHSvIR +-i) .k! ___ (A-5)
(R + 1)- REXP(wHSV(R + '1))

IF R = O (PLUG FLOW)

( = 1-EXP(- WHsvk--J-_) (A-6)

IF R = o0 (STIRRED TANK)

1(1

4I = k 1+ WHSV (A-7)

Equation (A-5) is the model for a recycle reactor. In the

limiting form, when R becomes too small, the recycle reactor

approaches a plug flow system [Equation (A-6)]. If R is too

large, the recycle reactor approaches a stirred tank [Equation
(A-7)] .

Figure A-I is a parametric plot of conversion as a function of

space velocity for various values of R and assuming k is 1.12.
This plot shows that an isothermal plug-flow reactor is

inherently more efficient in terms of conversion than an iso-
thermal back mix reactor. However, with an increasing recycle

ratio, the performance of a pluc-flow reactor rapidly approaches
that of the back mix reactor. At the recycle ratios of the

Wilsonville reactor, the assumption of complete back mixing would

• not introduce any significant error. Th_s assumption was also

e×Derimenta]ly confirmed] for the ebu|lated H-Coal catalyst bed by
Bickel and co-workers at Sandia National Laboratories (Ref. A-3).

Hence, use of Equation (A-7) in the correlation of conversion

data is justified. Equation (A-7) can be rewritten as:

k = WHSV _ (A-8)
i-_
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Equation A-8 can be used to calculate the reaction velocity
constants from the observed data on space velocity versus SRC
conversion.

C. TEMPERATURE DEPENDENCE (Ref. A-4)

For many reactions, the rate expression [Equation (A-2)] can be

written as a product of a temperature-dependent term, k, and a

composition dependent term, C n . For such reactions, k has been
found to be well represented by Arrhenius law:

k = A exp (-F,/RT), (A-16)

where E is the activation energy and A is the frequency factor.

This expression has been experimentally validated for many
reactions and over a wide range of temperature.

Equation (A-16) forms the basis Of interpolation of the data

along the temperature coordinate. This equation implies that an

increase in temperature always increases the reaction velocity
constant.

Equation (A-16) can be modified to describe the temperature

dependency of the selectivity parameter as follows:
l

k2/k I = (A2/AI) exp (-(E2-EI)/RT) (A-17)

Unlike the reaction velocity constants, the selectivity parameter

can decrease or increase with increases in temperature depending

upon whether E1 > E 2, or E2> E1 .

D. CATALYST DEACTIVATION (Ref. A-4)

In most catalytic reactions, the activity of the catalyst

decreases as it is being used. A generalized model for catalyst
deactivation was proposed by Levenspiel as follows:

= -rA = rate at which catalyst converts A ......(A-18)

rAo ' rate of reaction of A with fresh pellet

In terms of nth-order kinetics and ArrheDius temperature depen -_

dency, and isothermal catalyst pellet, reaction rate for a given
pel]et can be written es:

- rA = kC n = n (A-19)
A ko exp (-E/RT) ._.CA
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and [or deactivation which in general is dependent on concen-
tration of a species i:

n D

- dC = _. cnl.¢D = ao exp (-ED/RT) "C iI"_ (A-20)
dt l

m
(.4

where o is the decay coefficient, D is the order of deacti-

vation, nI measures the concentration dependence and ED is the

activatiot_ energy or temperature dependency of deactivation.

Assuming concentration independent, first-order deactivation,

Equation (A-20) can be written as:

-d @ (A-21)

dt

Integrating Equation (A-21) for unit initial decay function, or

_bo equal to I, this becomes:

(A-22)
= exp (-at) ,

He,ice, from Equation (A-19),

k = ko exp (-E/RT). exp (-ct) (A-23)

The above equation relates the reaction velocity constant to time
and temperature.
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APPENDIX B

Microautoclave Activity Test Descriptions

Solvent Quality

Solvent quality is determined in the Wilsonville laboratory asfol lows :

Standard coal (Indiana V) and solvent are charged to a 30 cc

microautoclave reactor unit to which a mixing ball is added.
During ash recycle, the solvent contains ash arld unconverted

coal. These are removed by cresol extraction before the solvent
and coal are finally mixed. The slurry's mixed and heated to a

specific temperature (+5°F) within a two minute period and is
maintained for a specific period of time. The microautoclave is

quenched in water and the reaction products are washed and
extracted with tetrahydrofuran (THF).

The ratio of the amount of reacted coal to the original sample
weight is expressed as a percentage conversion which is referred
to as "solvent quality".

The kinetic test gives a relative indication of the hydrogen
transfer rate and hydrogen shuttling ability of the solvent, the

equilibrium test gives a relative indication of the concentration
of donatable hydrogen in the solvent.

The conditions used for both microautoclave tests are listed
below:

React ion

Temp, Solvent-to- time,
Test Type °F co,:], ratio rain.

Kinetic 750 i I0

Equi i ibr ium 750 2:1 30

Catalyst Act i'vit_[

Catalyst activity is determined in the w _ -onvil!e laboratory as'follows :

The catalyst sample is washed thoroughl,, 'th toluene, then

tetrahydrofuran (THF). The w .shed sam r s then sonicated in

THF for two hours. Fresh THF is added _ , the sample after

sonication. A constant catalyst volume luivalent to 7.(i) inches
when stacked in a capillary t:_be) is us )r the test.
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Two grams of ]0% nal)htha]ene in hexadecane is catalytically
hydrogenated in a microautoclave reactor at tlle I[o]lowing
condi t ions :

Temperature, °F 720

Hydrogen pressure, psig 1,000 (cold)

Agitation, strokes/min 800 (no bail oi rod added)
Reaction time, min 15

The reactor is quenched with cold water al.d the contents are

filtered. The concentrations of tetralin and decalin, which are

the products of naphtha],}ne hydrogenation, and naphthalene are

determined by gas chromatography. The l,j 'rogen consumption is
then determined by stoic]Ji,,_etric calculations.

The test determines hydrc),len consumption during the hydrogenation
of a model compounc], nal)Lthalene, in the presence of the cata-

lyst. This gives an in(]icatio,_ of relative catalyst activity,
independent of HTR reactor and/or _J_ system performances.

The test also may be use(] for measuring the completeness of
catalyst sulfiding.
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APPEND IX C

Nomenclature and Definitions

All-distillate slate The product yields with resid •
ext inct ion.

Ash Non-organic material obtained by ,
muffle furnace burning at 800°C for
4 hours (adapted ASTM D-482).

Ash concentrate A product of the Kerr-McGee CSD

unit first stage separator that is
rich in cresol insolubles (ash and
UC) with lesser amounts of residue
and solvent.

Asphaltenes A benzene-soluble and pentane-

insoluble product of the coal

liquefaction process which is
non-distillable at 600°F and 0.i mm

Hg in the laboratory.

CC-ITSL Close Coupled Integrated Two-Stage
Liquefaction

CSD feed solvency index Laboratory analysis for fraction of

CSD feed soluble _n actual deashing

solvent compared to solubility in a
solvent standard.

Deashing solvent (DAS) A solvent used to deash the vacuum

column bottoms which is fed to the
CSD un it.

Distillate solvent A coal-derived distillate fracti_n

boiling above 450°F that is

distillable at 600°F at 0.i mm Hg
in a laboratory batch distillation
apparatus.

DITSL Double Integrated Two-Stage
Liquefaction

DMDS Dimethyl disulfide .

Energy rejection The heating value lost to the ash
concentrate as a fraction of the

feed coal heating va]ue.

ITSL Integrate(] Two-Stage Liquefaction

LCT Low Contact Time
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APPENDIX C (conitinued)

Nomer ,,,ture and De J J,,;tions

- LTR Light Thermal Resid

MAF Moisture and Ash Free

m

MB Period Material Balance Period

MF Moisture I;'_ee

Middle distillate A coal-,Ic,_ ived distillate fraction

with a boiling range between 350

and 450°F ._t 760 mm Hg (GC and ASTM
D-86).

Naphtha A coal-derived distillate fraction

with an IBP-350°F boiling range at
760 mm HG (GC and ASTM D-86).

Oils A pentane-soluble product of the

coal liquefaction process which is
non-distillable at 600°f and 0.i mm

Hg in the laboratory.

Practical resid extinction Plant resid extinction operations
are achieved with + or - 2 wt % MAF

coal resid yield.

Preasphaltenes A cresol-soluble and benzene-

inso].uble product of the coal

liquefaction process which is
non-distillable at 600°F and 0.i mm

Hg in the laboratory.

Process solvent Feed solvent to the TL unit which

is normally a blend of distillate
solvent and resid in variable

concent rat ions.

Reactor exotherm The reactor temperature increase
due to exothermic reactions is

measured by the difference between
. inlet and outlet reactor

temperat ur es.

Resid A cresol-soluble product of the

coal liquefaction process which is

non-distillable at 600°F and 0.I Hg
in the laboratory.



APPEND IX C (continued)

Nomenclature and Definitions

Resid conversion The fraction of the resid feed to "

the HTR unit that is converted to

gases and liquids:

Resid in - resid out
Percent conversion = x I00

res id in

Resid recovery The percent of CSD feed resid that
is recovered in the deashed resid

and is not lost to the ash
concentrat e.

RITSL Reconfigured Integrated Two-Stage
Liquefaction

TR Thermal Resid

TI02 Vacuum Column bottoms A nonvolatile mixture of resid,

distillate solvent, ash, and UC.

Unconverted Coal (UC) Organic material that is insoluble
in hot cresol.

WHSV Weight Hourly Space Velocity

(HTR), ib/hr feed per ib
catalyst.
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Table 9 (continued)

ILLINOIS NO. 6 COAL

DISTILLATE PRODUCT ANALYTICAL DATA

+ Run 250G

TI04 TI04 VI078 VI072

Distillate Product Stream Overhead Bottoms Distillate Solvent

Boiling_point fraction, wt %
IBP-350"F 57.52 0.02 21.73 0.10

350-450"F 36.98 2.21 10.25 0.42

450-500"F 4.72 11.02 10.42 1.46

500-550OF 0.00 8.15 8.31 1.39

550-650"F 0.03 22.53 16.78 8.49

650-850OF 0.58 45.93 30.19 47.01

850OF-EP 0.18 10.34 2.32 41.12

Residue 0.00 0.00 0.00 0.00

IBP, °F 68.90 405.00 67.40 442.70

EP, °F 808.70 985.00 882.40 1143.30

The blend consisted of, wt % 11.70 16.40 70.40 1.50

H/C atomic ratio 1.79 I.42 I.63 1.34

El eta. com p., wt %
Carbon 83.40 87.30 87.60 89.40

Hydrogen 12.60 10.40 12.00 10.10

Nitrogen 0.24 0.40 0.12 0.29
Sulfur 0.53 0.22 0.01 0.01

Oxygen (diff.) 3.20 1.70 0.30 0.20
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Table 9 (continued)

ILLINOIS NO. 6 COAL

DISTILLATE PRODUC_ ANALYTICAL DATA

Run 251-IE

T104 TI04 VI078 VI072

Distillate Product Stream Overhead Bottoms Distillate Solvent
---- _ , ,, ,

Boiling point fraction, wt %

IBP-350"F 71.0 0.5 23.9 0.01

350-450"F 24.6 2.8 12.0 0.5
450-500"F

500_550o F 4.4 21.8 20.7 4.3

550-650"F 0.0 24.5 19.4 11. I
650-850®F

850=F_EP 0.0 50.4 24.0 84. I

Residue 0.0 0.0 0.0 0.0

IBP, eF 81.5 350.3 71.9 443.1

EP, "F 467.9 1003.5 863.5 1053.9

The blend consisted of, wt % 17.81 22.89 51.64 7.66

H/C atomic ratio I.89 1.42 1.62 1.31

Elem. comp., wt %

Carbon 85.41 87.88 86.68 89.82

Hydrogen 13.51 10.48 11.81 9.85

Nitrogen 0.27 0.45 0.28 0.32

Sulfur 0.06 0.03 0.01 0.01

Oxygen (dlff.) 0.75 I.16 1.04 0.00
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Table 10 (cont!£_u,_d)

WYODAK COAL

DISTILLATE PRODUCT ANALYTIC DATA

PERIOD RUN 249H

T 104 TI02 V178 V1078 V1072

Distillate Product St_'eam Overhead Overhead Solvent V182 Distillate Solvent

Soilin point fraction, wt %
" IBP-350"F 65.23 2.23 (_.08 I. 14 12.65 I.76

350-450"F 34.61 40.09 2.22 8. 11 9.73 0.58

450-5000F 0.07 28.97 4.63 17.88 11.43 2.66

500-550oF 0.03 12.98 5.35 19.56 11.43 5.04

550-650OF 0.06 13. 17 19.81 36.04 27.50 17.58

650-850"F 0.00 2.53 53.56 16.99 26.00 51.68

850"F-EP 0.00 0.04 1I.36 0.28 1.20 20.70

Residue 0.00 0.00 3.00 0.00 0.00 0.00

IBP, °F 69.8 291.0 359.6 332.9 156.2 281.1

EP, "F 424.0 740.0 974.3 838.0 875.7 1059.7

The blend consisted of, wt % 22.3 3.70 I.30 9.00 65.3 -I. 60

H/C atomic ratio 1.82 1.48 1.43 1.62 1.68 1.47

Eleta. comg., wt %
Carbon 82,29 84.53 87. 14 87.89 87.27 88.69

Hydrogen 12.56 10.49 10.48 11.97 12.30 10.93

Nitrogen 0.44 0.37 0.40 0.09 0.23 0.37

Sulfur 0.16 0.10 0.05 0.01 0.01 0.01

Oxygen (diff.) 4.56 4.52 1.93 0.04 0.19 0.00
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Table 10 (continued)

WYODAK COAL

DISTILLATE PRODUCT ANALYTICAL DATA

RUN 251-IIB

TI04 TI04 VI078 V172

Distillate Product Stream Overhead Bottoms Distillate Solvent V178
- ..m..--B_ *.---

w

So±llngpoint;ragt_on,wt
IBP-350"F 55.5 0.5 28.0 0.03 2.6

350-450"F 40.5 5.8 12.0 0.5 15.7

450-500OF

500-550"F 3.4 22.6 19.0 4.0 43.6

550-650"F 0.2 25.5 20.0 12.6 25.9

650-850"_'

850"F-EP 0.4 44.6 2 I.0 82.9 12.2

Residue .....

IBP, .F 88.6 355.7 67.9 442.6 297.1

EP, °F 507.2 974.9 899.6 1069.0 825.3

%_ne blend consisted of, w_ % 19.1 3.3 69.0 4.7 13.3

H/C atomic ratio 1.81 1.45 1.71 1.44 1.60

Elem. comp., wt %

Carbon 81 •45 86.39 86.54 88.78 87.05

Hydrogen 12.37 I0.54 12.42 I0.74 11.69

Nitrogen 0.45 0.75 0.46 0.43 0.40

Sulfur 0.23 0 •07 0.01 0.05 0.04

Oxygen (diff.) 5.96 2.25 0.57 0.00 0.87
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Table 1 1

ILLINOIS NO.6 DISTILLATE

PRODUCT QUALITY DATA

PERIOD 244 (9/21/83)

Calc Actual

Fraction IBP-350 °F 350-450UF 450-65U_ 650-EP Blend Blend

Wt % of blen_ _ 18.4 11.0 34.7 35.9 100.0 100.0

GC dist., wt %

IBP-350OF ......

350-450OF ......

450-650 OF ......

650-EP ......

Specific gravity 0.811 0.917 0.951 1.019 0.940 0.937

Elem. Comp_, wt %

Carbon 85.21 84.43 86.95 89.07 87.11 86.86

Hydrogen 12.86 10.86 10.69 9.69 10.75 10.73

Nitrogen (846 ppm) 0.22 0.24 0.31 0.23 0.25

Sulfur 0.36 0.23 0.21 O. 16 0.22 0.23

Oxygen-by diff. 1.50 4.62 1.41 0.76 1.69 1.93

Oxygen-direct - 4.07 I.48 I_16 - 1.92

H/C atomic ratio 1.80 1.53 1.47 1.30 1.47 1.47
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Table 11 (continued)

ILLIh_3IS NO.6 DISTILLATE

PRODUCT QUALITY DATA

PERIOD 247D

. Calc Actual
Fraction IBP-350"F 350-450°F 450-650°F 650-EP Blend Blend

Wt % of blend 15.88 13.64 38.66 31.82 100.00 100.00

GC dist., wt %

IBP-350 OF 85.04 0.86 0.00 0.00 13.62 20.93

350-450OF 14.96 64.67 0.53 0.00 11.40 15.16

450-650°F 0.00 34.47 76.27 0.00 34.19 35. 13

650 OF-EP 0.00 0.00 23.20 100.00 40.79 28.78

Specific gravity 0.7945 0.9042 0.9427 1.0050 0.928 0.9309

El eta. comp., wt %

Carbon 85.15 85.13 87.65 89.37 87.45 86.99

Hydrogen 13.90 11.44 11 •53 10.24 1 1.49 11.46

Nitrogen 0.08 0. 16 0.23 0.25 0.20 0.20

Sulfur 0.29 0.20 0.10 0.05 0.13 0.16

Oxygen-diff. 0.58 3.07 0.49 0.09 0.73 I. 19

H/C atomic ratio 1.95 1.60 1.57 1.37 1.57 1.57

TSL products for 247D were blended according to elementally balanced product
rates for (5) days: 01 Nov 85, 11 Nov 85, 13 Nov 85, 15 Nov 85, 19 Nov 85.

Nitrogen by Kjeldahl.
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Table 11 (continued)

ILLINOIS NO.6 DISTILLATE

. PRODUCT QUALITY DATA

PERIOD 248A

Calc Actual

Fraction IBP-350°F 350-450°F 450-650°F 650-EP Blend Blend

Wt % blend 19.83 12.87 40.97 26.33 100.00 100.00

GC Dist., wt %

IBP-350 OF 86.77 1.69 0.;06 0.00 17.45 18.08

350-450°F 13.23 83.57 5.49 0.00 15.63 17.36

450-650°F 0.00 14.74 91.08 0. 11 39.24 41. 18

650 OF-EP 0.00 0.00 3.37 99.89 27_68 23.37

Specific gravity

Elem. comp., wt %

Carbon 83.93 84.18 86.34 88. 18 86.07 85.47

Hydrogen 13.46 11.28 10.99 9.70 11.18 11.00

Nitrogen (I) 0.10 0.14 0.28 0.45 0.27 0.25

Sulfur 0.74 0.35 0.20 0.16 0.32 0.40

Oxygen-by diff. 1.77 4.05 2.19 1.51 2.17 2.88

Oxygen-direct 2.76 5.17 3.15 1.84 2.99 3.04

H/C atomic ratio 1.91 1.60 1.52 1.31 1.55 1.53

TSL products for 248A were blended according to elementally balanced product

rates for (4) days: 10 Mar 85, 11 Mar 85, 14 Mar 85, 17 Mar 85.

(I) Nitrogen by Kjeldahl.
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Table 11 (continued)

ILLINOIS NO.6 DISTILLATE

PRODUCT QUALITY DATA

PERIOD 248D

u

Calc Actual

Fraction IBP-350°F 350-450°F 450-650°F 650-EP Blend Blend

Wt of blend 18.57 11.04 37.03 3336 100.00 100.00

GC dist., wt %

IBP-350°F 91.59 5.37 0.21 0.00 17.68 21.58

350-450°F 8.41 79.51 5.54 0.00 12.39 14.57

450-650°F 0.00 15.12 89.46 0.00 34.80 37.61

650°F-EP 0.00 0.00 4.79 100.00 35.13 26.24

Specific gravity 0.8135 0.9362 0.9911 1.0738 0.9704 0.9718

Elem. comp., wt %

Carbon 84.63 84.38 86.47 89.11 86.78 85.72

Hzdrogen 13.76 11.42 10.80 9.41 10.95 10.79

Nitrogen (I) 0.06 0.12 0.37 0.46 0.31 0.28

Sulfur 0.65 0.50 0.34 0.18 0.36 0.43

Oxygen-by diff. 0.90 3.58 2.02 0.84 1.59 2.78

Oxygen-direct 2.37 4.09 2.67 I.65 2.43 2.47

H/C atomic ratio 1.94 1.61 1.49 1.26 1.50 I.50

TSL products for 248D were blended according to elementally balanced product

rates for (4r) days: 8 Apt 85, 9 Apr 85, 10 Apr 85, 11 Apr 85.

(1) Nitrogen by Kjeldahl.
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Table 11 (continued)

ILLINOIS NO.6 DISTILI_TE

. PRODUCT QUALITY DATA
PERIOD 250D

" Calc Actual

Fraction IBP-3 50°F 350-45£ °F 450-650°F 650-EP Blend Blend

Wt % of blend 18.60 10.00 35.00 36.40 100.00 100.00

GC dist., wt %

IBP-350 °F 93. 17 4.89 0.00 0.00 17.82 20.93

350-450°F 6.83 86.12 1.16 0.00 10.29 11.45

450-650°F 0.00 8.99 85.95 0.08 3'1.01 35.65

650 °F-EP 0.00 0.00 12.89 99.92 40.88 31.97

Specific gravity 0.780 0.884 0.934 1.002 0.918 0.9,25

Elem. comp., wt %

Carbon 85.41 86.19 87.81 88.77 87.55 87.18

Hydrogen 14.26 12.44 11.53 10.27 11.67 1 1.40

Nitrogen (I) 0.04 0.13 0.25 0.36 0.24 0.24

Sulfur 0.18 0.13 0.08 0.07 0.10 0.12

Oxygen-by diff. 0.11 1.11 0.33 0.53 0.44 1.06

Oxygen-direct 0.00 0.00 0.00 0.00 0.00 0.00

H/C atomic ratio 1.99 1.72 1.56 1.38 1.59 1.56

TSL products for 250D were blended according to elementally balanced product
rates for (4) days: 2 Feb 86, 3 Feb 86, 4 Feb 86, 5 Feb 86.

(I) Nitrogen by Kjeldahl.
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Table 11 (continued)

ILLINOIS NO.6 DISTILLATE

PRODUCT QUALITY DATA
PERIOD 250G

Calc Actual

Fraction IBP-350"F 350-450"F 450-650OF 650-EP Blend Blend

Wt % of blend 23°00 13.90 37.40 25.70 100.00 I00.00

GC dist., wt %

IB_-350"F 93.98 5.14 0.00 0.00 22.33 23.38

350-450°F 6.02 79.92 1.03 0,00 1,2.88 13.16

450-650°F 0.00 14.94 78.26 0,04 31.36 35,49

650 °F-EP 0.00 0.00 20.71 99.96 33.44 27.97

Specific gravity 0.766 0.874 0.939 1.007 0.898 0.894

Elem. comp., wt %

_arbon 84.81 85.72 87.45 89.18 87.05 86.95

Hydrogen 13.83 11.93 11.32 10.19 11.69 11.60

Nitrogen (1) 0.05 0. 14 0. 19 0028 0. 17 0,16

Sulfur 0.15 0.10 0,06 0.05 0.08 0.11

Oxygen-by diff. I. 16 2.11 0,98 0.30 1.00 I. 18

Oxygen-direct 0.00 0.00 0.00 0.00 0.00 0.00

H/C atomic ratio 1.94 1.66 1.54 1.36 1.60 I_59

TSL products for 250G were blended according to elementally balanced pzodt_ct

rates for (4) days: 8 Mar 86, 9 mar 86, 10 Mar 86, 11 Mar 86.

(I) Nitrogen by Kjeldahl.
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Table 11 (continued)

ILLINOIS NO. 6 DISTILLATE

PRODUCT QUALITY DATA
PERIOD 251-IE

Calc Actual

Fraction IBP-350°F 350-450°F 450-650°F 650 OF-EP Blend Blend

Wt % of blend 20.9 8.6 34.3 36.2 100.0 100.0

GC dist., wt %

IBP-350 °F 94. 19 8.43 0.00 0.00 20.41 25.97

350-450 °F 5.81 88.33 4.18 0.00 10.24 I 1.65

450-650°F 0.00 3.24 95.82 0.24 33.23 32.26

650 °F-EP 0.00 0.00 0.00 99.76 36.12 30.13

Specific gravity 0.776 0.862 0.921 I..004 0.907 0.900

Elem. comp., wt %

Carbon 85.90 87.23 87.90 89.64 88.05 87.18

Hydrogen 13.98 12_35 I1.68 10.04 11.62 1 1.62

Nitrogen (a) 0.02 0.08 0.15 0.22 0.14 0.14

Sulfur 0.05 0.04 0.02 0.03 0.03 0.03

Oxygen-by diff. 0.05 0.30 0.25 0.07 0.16 I.03

Oxygen-direct 0.00 0.00 0.00 0.00 0.00 0.00

H/C atomic ratio 1.94 1.69 1.58 1.33 1.57 1.60

TSL products for 251-IE were blended accozding to Elementally Balanced

product rates for (3) days: 03 June 86, 04 June 86, 05 June 86.

(a) Nitrogen by Kjeldahl.
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Table 12

WYODAK DISTILLATE

PRODUCT QUALITY DATA

PERIOD 246 (8/7/84) (a)

Calc Actual

Fraction IBP-360°F 360-460°F 460-650°F 650-EP Blend Blend

Wt % of blend 19.4 20.4 48.5 11.7 100.0 100.0

GC dist., wt %
IBP-350 OF ......

350-450OF ......

450-650OF ......

650-EP ......

Specific gravity 0.790 0.924 0.938 - - 0.912

Elem. comp., wt %

C&rbon 83.06 83.11 87.34 88.85 85.82 85.46

Hydrogen 13.23 10.55 10.91 9.23 1 1.09 10.86

Nitrogen 0.18 0.34 0.21 0.42 0.26 0.26

Sulfur 0.51 0.17 0.03 0.05 0.15 0.21

Oxygen-by diff. 3.02 5.83 1.51 Iu45 2.68 3.21

Oxygen-direct 3.71 6.20 2.03 I.81 - 3.52

H/C atomic ratio 1.90 1.51 1.49 1.24 I.54 1.52

(a) Samples were collected at end of Run 246, which results may be considered

to be similar for periods 246G & H.
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Table 12 (continued)
b

WYODAKDISTIU_TE

PRODUCT QUA LI_ DATA
PERIOD 249F

" Calc Actual

Fraction IBP-360°F 360--460OF 460-650°F 650-EP Blend Blend

Wt % of blend 26.90 13.40 40.00 19.70 100.00 100.00

Adj. blend 31.18 15.53 46.36 22.83 115.90 115.90

GC dist., wt %
IBP-350OF 86.31 3.78 0.00 0.00 23.72 24.37

350-450 OF 13.69 74.83 I.98 0.00 14.50 20.02

450-650OF 0.00 21.39 92.63 0.00 39.92 42.43

650OF-EP 0.00 0.00 5.39 100.00 21.86 13.18

Specific gravity 0.799 0.897 0.921 0.981 0.892 0.890

Elem. comp., 9/c %
Carbon 84.47 85.23 87.32 89° 07 86.62 86.20

Hydrogen 13.71 11.83 11.68 10.53 12.02 12.01

Nitrogen 0.13 0.21 0.62 0.33 0.38 0.22
Sulfur 0.09 0.06 0.02 0.04 0.05 0.05

Oxygen-by diff. 1.60 2.67 0.36 0.03 0.94 1.52

Oxygen-direct 2.62 4.03 I.75 1.60 2.26 2.52

H/C atomic ratio 1.93 1.65 1.59 1.41 1.65 1.66

TSL products for 249F were blended according to elementally balanced product

rates for (3) days: 14 Aug 85, 17 Aug 85, 18 Aug 85.

Note: 'I%lerewas a negative contribution for VI072 HTR solvent for this

period. Adjusted blend and fraction analyses are shown in separate
tables.

137



J

Table 12 (continued)

WYODAK DISTILLATE

PRODUCT QUALITY DATA

PERIOD 249H

Calc Actual

Fraction IBP-360"F 360-460°F 460-650OF 650-EP Blend Blend

Wt % of blend

Adj. blend 27.94 11.18 44.64 16.24 100.00 100.00

GC dist._ wt %
IBP-350OF 89.17 2.57 0.00 0.00 25.20 25.84

350-450°F 10.83 91.30 1.21 0.00 13.77 16.05

450-650°F 0.00 6.12 92.08 -0.01 41.79 44.81

650 °F-EP 0.00 0.00 6.68 100.01 19.22 13.30

Specific gravity 0.792 0.888 0.923 0.958 0.884 0.886

Elem. comp./ wt %
Carbon 84.85 84.96 85.94 88.45 85.93 85.72

Hydrogen 13.88 1 1.99 11.75 11.21 12.28 12.23

Nitrogen (2) 0.09 (I) 0.16 (I) 0.20 0.32 0.19 0.19

Sulfur 0.08 0.06 0.01 0.01 0.04 0.05

Oxygen-by diff. 1.10 2.83 2.10 0.01 1.56 1,82

Oxygen-direct I.74 3.01 I.38 I.08 1.62 2.40

H/C atomic ratio I095 1.68 1.6_ 1.51 1,70 1.70

TSL products for 249H were blended according to ulementally balanced product

rates for (4) days: 7 Sep 85, 8 Sep 85, 14 Sep [_5, 15 Sep 85.

Note: There was a negative contribution for VI072 HTR solvent for this

period. Adjusted blend and fraction analyses are shown in this
table.

(I) Nitrogen by Kjeldahl.

(2) Nitrogen by CHN analyzer.
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two.stage liquefaction
non-integrated mqxle (NT$1.)

FIGURE i. BLOCK FLOW DIAGRAM OF NTSL OPERATION
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" two-stage liquefaction
Integrated mode (ITSL)

I II I IIIII I III I m I III I _.... II

-_'d"_'-___ __._,.
_ ,,_

I t _.J

FIGURE 2. BLOCK FLOW DIAGRAM OF ITSL OPERATION
,,
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FIGURE 3. BLOCK FLOW DIAGRAM OF DITSL OPERATION
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tw_stage liquefaction
. reconflgured mode (RITSLi
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pulvedzedccml

i iii i ii

i

+--I _"_:'_iiii

]

- FIGURE 4. BLOCK FLOW DIAGRAM OF RITSL OPERATION
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CC.iTSL
two-stage |iqua4action

close-coupled Integrated mode
II '1 I IIII

pulverized coal

.... _l slurry•_ preparation
li=-"

1 ' ii i

Y
thermal

liquefaction 4-.- hydrogen

hydro.
treated
solvent

hydro.
treated

i hydrogenation _'- hydrogen

|- __
[ eolvent r_ hydmtmatmddlstllla_

I
i i I I _ I

L ....deTlng ash concentrate
/

FIGURE 5. BLOCK FLOW DIAGRAM OF CC-ITSL OPE__ATION
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CC-ITSL with ash recycle
two-stage liquefaction

close-coupled mode
IIIIIlii i Ill ii I II

. pulvedzedcoal

,mHIk!

':I s=urry
"I prepanltlon

_ ,

I
_m_ resid+ ash

m ml.

, , J

FIGURE 6. BLOCK FLOW DIAGRAM OF CC-ITSL

OPERATION WITH SOLIDS _ECVCLF
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DEASHING
LIQUID SOLVENT PROCESS

FEED . WASTES MAKE.UP WATER

" --I t ......J......i z'--'""'_ ,
I 4, t,_.__...,,;_' ...... ,tl
I ALTERNATE MIXER |

' I _ , / i',
. I I'

I
I _ HIGHPRESS

', i
I I I , OEASHINGI i

I
2No I I 3RO I | i i

I FEED I I STAGE STAGEI I STAGE I _ i

' i 'Vii U SETTLER SE_I'LER _ SE_rLER 'I' T ',
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I I
I _ SOLVENT _ SOLVENT SOLVENT I

,EPARATOR SEPARATOR'T"_ ,'PARATOR
I NO.t NO.Z i NO.3 !

I ___ I

I I
i_ - .... --J.

..... - MODE1
---.-----MODE3 ASH RESID LIGHT

CONCENTRATE RESID

FIGURE I0. SCHEMATIC FLOW DIAGRAM OF CSD UNIT
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FIGURE I_. 'TSL SYSTEM PROCESS PERFORMANCE CHARACTERISTICS

(ILLINOIS NO. 6)



FIGURE 15. UC INCREASE IN CSD VS TSL Hz CONSUMPTION
(ILLINOIS NO. 6)



(Z_ THERMAL-CATALYTIC MODE (_ SOLIDS RECYCL.EI)

FIGURE 14. TSL SYSTEM PROCESS PERFORMANCE CHARACTERISTICS

(WYOD4,K)
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(Z)THERIvlAL-CATALYTIC MODE (Z_ FezO 3 IN SLURRY}
[Z]CATALYTIC ....CATALYTIC MODE

_IISOLIDS RECYCLE

FIGURE15. TSL SYSTEM DISTILLATE PRODUCTDISTRIBUTION
(ILLINOIS NO. 6)



FIGURE 16. TSL SYSTEM DISTILLATE PRODUCT DISTRIBUTION

" ( WYODAK )
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FIGURE 17. PROCESS SOLVENT ACTIVITY VS HYDROGEN CONTENT
(ILLINOIS NO. 6 )



- h, h,YD_.#O_ENTRANSFER DATAFIGURE 18. PROCESS SOL.VI:.'' '
(!LLINOI5 NO. C,)
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0 THERMAL-CAI,&LYTIC MODE (* :SOLIDS RECYCLE)

FIGURE 19. PROCESSSOLVENTACTIVITY VS HYDROGENCONTENT
{WYODAK )



FIGURE 20. PROCESS SOLVENT HYDROGEN TRANSFER DATA
( WYODAK )
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FIGURE 2.1. UNIT CONTRIBUTION EFFECT ON TSL HYDROGEN EFFICIENCY

(ILLINOIS NO. 6 )
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• (_ THERMAL-CATALYTIC MODE (-mSOLIDS RECYCLE)

FIGURE 22. UNIT CONTRIBUTION EFFECT ON TSL HYDROGEN EFFICIENCY

. ( WYODAK )
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