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ABSTRACT

A brief -survey was made of the characteristics of the rotating
fluidized bed used as a filter for fine dusts and mists. A sample calcula-
tion of overall filtration efficiency was made for a rotating bed operating
at minimum fluidization with a velocity of 4 m/sec and a g-loading of about
50. Account was taken of removal by the classical mechanisms of diffusion,
interception, and inertial impaction. High efficiencies were found for dust
particles as small as 1 pm. The rotating fluid bed filter should have
approximately the same collection efficiency and pressure drop as the fixed
and moving bed filters operating at the same velocity, but in addition
should more readily permit continuous operation without clogging and with
effective regeneration.

The same sample calculation of filtration efficiency applied to the
conventional 1l-g fluid bed operating at 1.5 times the minimum fluidization
velocity of 0.2 m/sec indicated lower collection efficiencies near 1 um
than for the rotating system. The low velocity-~and corresponding low
throughput--in the stationary system is required to avoid bubble formation
which would tend to lower filtration efficiency because of bypassing.

The possible harmful effect on filtration efficiency of reentrainment
of dust particles at the high operating velocities of the rotating system
as well as the helpful effect of triboelectrification will have to be

determined by experiment.
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I. TINTRODUCTION

In recent years a number of studies have been reported on the use of
a fixed, fluidized, or spouted bed to filter fine particles from a gas -
stream. Many of these have been summarized by Clift and Thambimuthu.8
With fixed beds, the main'operating problem is removal of the collected
particles from the filter bed; if the bed becomes saturated, the filtration
efficiency quickly drops to zero. The regeneration problem has been overcome
by using a moving bed, as in the GBF filter under development by Combustion
Power Company,130r by some means of intermittent backflushing, as in the
Ducan filter described by Kalen and Zenz.18 Both these techniques present
substantial operating problems regarding the prevention of clogging, both
of the filter bed inlet surface and the bed itself. The ideaAof using a
fluidized bed to act as a dust filter dates back to 1949, when Meissner and
Mickley30 established that fluidized beds could serve to remove mists and
dusts from air at high efficiencies. The basic concept involves using the
gas to be filtered as the fluidizing medium to fluidize a bed of collgctof
particles; the collector particles can then be rémoved and reﬁlaced continu-
ously with no operating difficulties. Care must be taken to brevent plugging
of the distributor plate of a fluidized bed filter with dust éarticles, but
otherwise operation of the filter is no different from that of a conven-
tional fluidized bed. | I

Although it Has been found that high collection efficiencies fof dust
particles around 1 um.and larger could be attained in shallow beds of spherical
particles with a diameter range of 100 to 600 ym in a fluidized bed

2
filter,¥9’L8’46

fluidized bed dust collectors have failed to gain industrial
acceptance. In spite of the great advantage that the bed can be regenerated
continuously, the use of a fluidized bed for commercial applications is
severely limited by the minimum fluidization velocity of the bed particles
or granules. Operation at flow fates much higher than this minimum leads to
bypassing of gas in the form of large bubbles and consequently to poor
collection efficiencies.3’40 Moreover, bubbling fluidization cannot be used

. . . . 4 . .
with fragile particles such as sand 3 because it results in extensive granule

attrition. To overcome the limitation of operating the fluidized bed filter



at velocities near the minimum fluidization velocity and thus achieve higher
gas throughputs, Meisen and Mathur29 suggested using a spouted bed with
particles too coarse (millimeter size) for good fluidization, aﬁd Bdubel and
Junge4 did some experiments with a rotating fluidized bed operating at radial
acceleration forces >>1-¢g.

It is the purpose of this study to examine the feasibility of using a

rotating fluidized bed as a dust collector or filter.

II. THE ROTATING FLUIDIZED BED

)

25527 is a device, usually cylindrical in

The rntafing finidized bed
shape, that rotates around its vertical axis of symmetry. The rotating
cylindrical surface is porous and serves as the distributor for the bed.

The large centripetal forces produced by rotation force the bed material into
an annular region at the circumference of the bed. Gas flows radially inward
through the porous distributor; when the gas flow is such that the total drag
force of the gas against the particles just balances the centripetal force
due to the rotation, the bed becomes fluidized. TFor a given rotational
speed, fluidization starts at the inner surface of the bed, where the radial
acceleration is smallest, and eventually reaches the distributor as the gas
velocity in increased. Further increases in gas velocity will céuse_tbe bed
to expand and gas bubbles to appear, as in a conventional fluidized bed.
Since the speed of rotation of the bed and hence the radial acceleration

can be increased to any desired level (usually between 10 and 50 times the
acceleration of gravity), the rotating fluidized bed permits much larger

flow rates per unit area of the distributor than are possible in conventional
" fluidized beds, which operate only against the force of gravity. These much
higher gas velocities make the rotating fluidized bed attractive for use as

a combu.storlo"31

as well as for use as a.possible filter for removing dust
particles.

The pressure drop and minimum fluidization velocity in a rotating
fluidized bed can be obtained by using classical relationships found in the
literature for ordinary fluidized beds by replacing the acceleration of

gravity, g, in these relationships by the radial acceleration, as produced



by the rotation of the distributor such that

_ 2 _ 2
a = Vt /r = wo r . (1)

As shown in Figure 1, L = L is the thickness of the bed, e is the void

" O
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Figure 1. Geometry of a rotating fluidized bed.

fraction, dg is the diameter of bed.particle or grain, and wovis the rota-
tional speed of the distributor. The free surface of the bed will assume
the shape of a paraboloid of revolution,26 but a bed rotating at a high
enough rotational speed can be considered to be a cylindrical annulus.

The local pressure drop across the bed is given by
= - - ‘ 2)
dP/dr Qa e)(pg pf)ar (

whe;e pg is the density of the grains or fluidized particles and Pe is the
density of the fluidizing air. Eq. (2) can be integrated in two different
ways.24 :

(a) Assume the tangential velocity to be constant throughout the bed
(i.e., Vt =W T its maximum value) so that in Eq. (1) a_ = wozroz/r and
Eq. (2) becomes dP/dr = (1 - E)(pg - pf)wozroz/r. Integration gives



AP = (1 - e)(pg - pf)wozrozln(rolri) . . 3)

(b) Assume the tangential velocity to vary throughout the bed as
Vt =or (solid-body rotation) so that Eq. (2) becomes dP/dr =
a - e)(pg - pf)wozr. Integration gives

R A T R F T3 )

.For thin beds (L/ro<<1) these two expressions yield nearly the same result,
but for thick beds Eq. (3) predicts significantly higher pressure drops than
does Eq. (4). Since the behavior of the tangential velocity in the bed i1s
not known, the use of either Eq. (3) or Eq. (4) to predict the pressure drop
in thick beds must be checked by experiment. -

Demircan et al.10 and Metcalfe and Howard31 define the pressure drop

across the bed as simply the weight of the bed per unit area of the

distributor:
1 -, -p)n’-x Hha
AP = weight of bed - € pg Pe/ T, i T
area of distributor 2wroh
where h is the height of the bed. Letting a = wozro .
2 2 2
1-9ep - plu “(r " - 1.7)
AP = £ 5 (4a)

which is exactly the result given by Eq.'(4). Demircan et al., using bed
depths of 3 to 5 cm in a 20-cm-diameter bed, report pressure drops in good
agreement with Eq. (4); whereas Metcalfe and Howard found experimental
pressure drops in their bed, which was 20 cm in diameter and about 1.5 cm
thick, to be only 80% of that predicted by Eq. (4).

To compute the minimum fluidization velocity, in the rotaling bed,

“mg? 20
one equates the pressure drop, Eq. (2), with the pressure drop given = by

the Ergun correlation:

1- €nf 1.75 Re2mf

Ga =150 —F———Re . + —— X (5)
b 283 mf 2€3
s mf ¢s mf



where the subscript mf refers to minimum fluidization conditions, and Ga is

the Galileo numbef defined as
3 _
d o] :
Ga = —8—(3&- l-\)g ‘ (6)
f '

or, in the case of -a rotating fluidized bed, with g replaced by as

d "./p d p |
o B (E e F e
vo \Pg v \Pg - o

and

~Re =0 (N

d .

mf mflr g/v

The minimum fluidizatidh velocity defined in Eq. (7) will depend somewhat
on position r in the bed, being highest at r = L (distributor) and lowest
at the free surface r = r,.

If it is ass_umed2 that

1 . 1 - Emf ’
- —3 % 14 and ——5——3% 11
O Cnf 0, €nf N | )
and Eq. (5) is solved for Re ., then
: 1 . .
Re . = [(33.7)% + 0.0408Ca]” - 33.7. 8)

For small pérticles when the particles or grain Reynolds number, Reg, is

small, Eq. (5) reduces to

2(Pg _ \Uo’r %)
= 5 _ Re < 20 .
‘nee” g\, 176500 ° 2y .

and for large particles

d ) )
-y—_8 (& _ 2 R 1000 , (9a)
Untlr = V725 (pf 1)“’0 A :



where the particle Reynoldsbnumber is defined as
= [V,
Reg ngmf / . Qo

In the‘freeboard region, defined as the region radially inward from the
free surface of.the bed, the gas leaving the surface of the bed is moving
both radially aﬂd'tangentially because of ﬁﬁe rotation of the distributor.
Close to the bed surface the gas maintains a constant angular momentum so
that the tangential velocity varies inversely with radius, and this zone is
in irrotational motion much like that in a free voartex. Towards the center
of the bed, the flow regime changes fo ratatinnal (forced vortex) so that
the combined resulting flow is that of a Rankine vortex.

The pressure drop in the freeboard region is given by

dp/dr = prtZ/r . ' an

To evaluate the pressure drop, appropriate expressions for the tangential
velocity of the gas, Vt’ must be obtained for both the free and forced
vortex regions of the flow before Eq. (11) can be integrated. Such expres-
sions have been proposed both by Levy et al.zaand by Chevray et al.7 using
semiempirical methods. .However, the freeboard pressure drop is generally
small compared with the bed pressure drop.

Chevray et al. have also computed particle trajectory analyses in the
freeboard and found that large particles return quickly to the bed, inter-
mediate sized particles are captured by the vortex and remain in a circular
orbif, and very small particles are elutriated. For particles of sizes
such that they are captured in the irrotational flow region, a balance
between the drag force and the centripetal force caused by the rotation gave

the following equation for the minimum particle size captured:

3 r

r =-

P 2
2 ri w,

(12)

where Q is the volumetric flow of gas, h is the height of the bed, and r is

the position in the freeboard where capture occurs.



_ ‘Demircén et ai;10>found that in a bubbling rotating fluidized bed
(air flow rates above minimum fluidization) the behavior of the particles
after the buBbles burst was quite different from that in a conventional
flui&ized bed. 1In the 1étter, particlés tend to splash high above the
bed, but in the former, the bed particles, because of their high tangential
Velocity, proceed in a straight line which transfers them back to the
surface of the bed. At lower. rotational speeds, the vertical gravitational
field'causés return of the particles at a lower point on the surface of the

bed, augmenting the longitudinal mixing within the bed.

IIT. GRANULAR BED FILTRATION THEORY

In a theoretical analysis of a granular bed filter such as a conventional
or a rotating fluidized bed, the bed is usually assumed to be a homogeneous
bed of spherical particles of uniform size through which the dusty gas flows.
Filtration of the particulate matter is accomplished by the sticking of the
dust particles in the gas to the surfaces of the filter elements (granules).
It is also assumed that every filter element expefiences similar filtration
phenomena, and therefore a single-particle efficiency E can be defined so that
the filtration efficiency of the entire bed of granules can be computed by
summing the effects of all the elements in the filter. Thus, the theoretical
computation of the overall filter efficiency n usually first requires pre-
dicting the single-particle efficiency E.

Other inherent assumptions are that the dust pafticle concentration in
the gas stream is’/low enough not to influence the gas flow field around the
filter éiements, and that the'filtration process’ is time independent so that
'each filtef element, as well as the entire filter bed, always has the same
efficiency. These two assumptions are reasonable for a fluidized bed used to
filter relatively dilute dusty gasés and subject to continuous recycling and
cleaning of the bed granules. The assumption that a particle which
approaches a granule to within a distance comparable to its radius will
collide with it and stick to it excludes the effect of the surfaceAproperties
of the two substance coming into contact. For exampie, the adhesivity of

dust particles to each other may be greater than their adhesivity to granules,



so that dust agglomerates or "trees" may be formed. Furthermore, filtration
in a fluidized bed is complicated by dust particle buoyancy and especially
by reentrainment: dust particles colliding with a colléétor or granule or
even captured on previous granules can be carried downstream by the gas
flow, and this reduces the overall filtration efficiency.'.These phénomena
occur mainly when operating velocity is high and when the collection medium
(granules). is almost saturated with dust particles. ‘

The single-particle efficiency E is defined as the total number of dust
particles captured by a single granule divided by the total number of parti-
cles flowing towards it.in a cylinder of diameter 2a, oriented along the

flow direction, as shown in Figure 2. Thus,

E = J/nouona2 : : ' (13)

DuST
LIMIT TRAJECTORY PARTICLE

\ PARTICLE TRAJECTORY

Xj

SPHERE

GRAVITY
£=(b/0)®

20

Figure 2. Inertial deposition uf particles,

where J is the total dust particle flow rate touwards the granule éurface, o
is the dust concentration, and UO is the gas siiperficilal velocity. If it ic
assumed that the captured particles all flow Loward thce collector in a

coaxial cylinder of diameter 2b,

2 . : =
J = ngU m° , . . .(14)

then the single-particle efficiency E can also be defined as



E=0b’/a® . - : | - S a3a)
The computation of E requires knowledge of either the total flow rate J in
Eq. (13) or the distance b, the so-called distance of the limit or grazing
trajectory, in Eq. (13a).. Deposition by diffusion is usually obtained from

the former and deposition by inertial impaction from the latter.
A. Dust Deposition Mechanisms

The simplified assumptions discussed above allow the fluidized bed
filter to be modeled mathematically. The single-particle collection mech-
anisms considered to be important are Brownian diffusion, inertial impaction,
direct interception, and gravitational sedimentation. Besides these classi-
cal deposition mechanisms, deposition by electrostatic phenomena (usually
neglected in published theoretical studies of filtration) should have a
large influence because of the natural electrostatic charging of the granules
as they move about in the fluidized bed, but the problem of determining the
single-particle efficiency due to electrical forces in a bed of particles has
not yet been solved..

1. Brownian Diffusion. For particles in the submicron size range, the

Brownian motion relative to that of the gas stream is sufficiently intense to
produce collisions with a large surface (granule) located in the flow. If
this surface retains the particles either by adhesion or'by‘SQme other effect,
a concentration gradient is established and particles diffuse in the direction
of the collector. Diffusional deposition increases rapidly with decreasing
particle size and decfeasing velocity of flow and, neglecting‘ele¢trostatic
effects, is the main mechanism for deposition in the submicron particle
size range. . A

Levich23 obtained a solution for the particle flux due to diffusion
around a single sphere in the creeping motion (Reg_+ O) range in terms of the

dimen51onless Sherwood number and Peclet number,

- 0.99pet/3 | | ' - o as)



which holds for high Peclet numbers., Substitution of Eq. (15) into Eq. (13)

gives
: By . 4x0.9§Pe-2/3 . “ ‘ (16)
where the Peclet number is defined as
Pe = ngO/D (17)
and the diffusion coefficient D as
D= GkT/ﬁﬂrpu , | (18)

where C is. the Cunningham correction factor, k is the Boltzman constant, T is
the absolute temperature, rp is the radius of the dust particle and, u is the
viscosity of the gas. The Cunningham correction factor 1s necessary in con-
sidering submicron sized particles when the particle size approaches the
magnitude of the mean free path of the gas molecules. It can be calculated

from

24 3%\ : ‘
cC=1+ 1 Al + A,) exp_‘q}R (19)
N P L . . 9

where A1 ='1.257, A2 = 0.40, A3
molecules ¥ 0.065 Hm at 250C and 1 atm.

= 0.55; and £ is the mean free path of gas

For a sphere located in a bed of neighboring particles as in a
packed or fluidized bed a correction factor g(€) must be introduced in
Eq. (16) in place of the constant 0.99 to take into account the effect of the
porosity of the bed, e.. This was first suggested by Pfeffer;36 who used the
Happel15 sphere in a cell or "free surface" model to represent the gas flow
field in a multiparticle system. In Happel's model u bed of particles is
represented by a single particle occupying the center of an idealized cell.
The cell consists of two concentric spheres, an inner sphere representing the
solid particle and an outer sphere répresenting a fluid envelope having an
outer "free surtace," i.e., a surface under no tangential strecss. The cell

dimensions are such that the ratio of the volume of the gas in the cell to

- 10 -~



the total volume of the cell is equal to the porosity of the bed. Combining
this model with the Levich procedure for solving the diffusion equation,

Pfeffer36‘obtained
By = 4g(e)pe”2/3 . (16a)

where g(e) is a complex function of the porosity e.
Other flow models to represent a bed of spheres in the creeping

’ 21 41
motion range (Re = 0) have been proposed by Kuwabara, = Tam, = and Neale

43,46 and in all

and Nader.33 These have been reviewed by Tardos et al.,
cases the single—particle efficiency due to diffusion is represented by an
eqﬁation of the form (16a) with only the function g(e) éhanging from

to model. For porosities in the fluidized bed range (0.35 £ ¢ £ 0.7) Tardos
et_al.46 recommend the semiempirical expression g(e) = 1.31/5 as a good .
represeqtation of both the theoretical solutions'and the available experi-

mental data, so that Eq. (16a) becomes

ED’='5.24Pe'2/3/e . 7 - " (16b)

For high particle Reynolds numbers, the flow fields discussed above
and Eq. (16b) are not applicable. Chao5 used a potential flow solution for -
the single-sphere mass transfer problem and obtained, in terms of the

Sherwood number,

sh = 1.13pel/? . . (20)

Ishii and Johnson17 modified this solution by using the potential flow
solution in Lambz_2 for two concentric spheres to take into account the
effect of neighboring particles (porosity effect). Their rgsult, in terms

of the single-particle efficiency ED’ is given by

= 4ﬂ52Pe_1/2/el/2 (21)

ED
Thus Eqs. (16b) and (21) effectively serve to bracket the single-particle

efficiency due to diffusion for very low and very high particle Reynolds

- 11 -



numbers, respectively. Tardos et al.44 modified these results slightly to
take into account deposition simultaneously by diffusion and by inter-
ception (discussed below) by simply applying the boundary condition on the
surface of the collector (granule) to include the finite size of the dust
particle. This requires, however, a numerical solution for different

values of the intercebtion parameter Rp, namely, the ratio of dust partigle
size to granule size, 2rp/dgm The single-particle efficiency by diffusion
and interception obtained in this manner for ¢ = 0.5 using the Kuwabara flow
field is plotted in Figure 3.44 '

2. Imertial Impaction. Unlike Brownian diffusion, which is prevalent

for submicron sized particles and decreases with flow velocity, deposition
by inertial impaction is characteristic for particles >1 um and increases
with flow velocity. The mechanism of inertial impaction can be simply
explained as follows. The existence of the collector (granule) in the flow
causes bending of the gas streamlines near the surface. The particles,
because of their inertia,vfollow the curvature of the streamlines in the
vicinity of the collector and are projected against it and separated from
the stream. In order to find the conditions for impact of é dust particle
and a granule, the trajectory of the dust particle must be computed.

" Figure 2 shows the limiting or grazing trajectory, defined as the trajectory
of a dust particle starting far from the collector and just being captured
by a granule. Once this limiting trajectory is known, the single-particle
efficiency by inertial impaction can be computed from Eq. (13a).

The .trajectory equations for a dust particle approaching a single
sphérical collector were solved by Herne16 using the creeping flow velocity
field (Reg -+ 0)3§nd by Michael and Norey32 for potential flpw (Reg > ),
Paretsky et al. repeated the solution for creeping flow using the Happel
"free surface" model flow field so that the effect of neighboring particles
could be taken into consideration. Tardosl‘b computed the single-particle
efficiency by inertial impaction using the flow fields.suggested by Tam,41
Neale and Nader,33 and K.uwabara.21 His result, in the form of the single-
particle efficiency EI plotted as a function of the Stokes number defined by

b

2 .
St = 2Cp U.r “/9a 22
R /9au (22)

0

-12 =
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for a porosity e = 0.4, is given in Figure 4 for the flow field of Neale and
Nader (Reg +-0). Also included in Figure 4 is the solution using the poten-
tial flow field and the Kuwabara model for Reg + o, Both the creeping flow
and the potential flow solutions indicate that no impaction of dust would
occur on the collector below a certain critical ,value of the Stokes number.
The potential flow model also predicts a higher collection efficiency and

a lower critical Stokes number than the creeping flow model because the gas
streamlines are crowded much closer together in potential flow than in

creeping flow, as indicated by Figure 5, which shows the velocity profile

"for each case around a single sphere.

The dimensionless particle trajectory equations that were solved to

obtain the results plotted in Figure 4 are

2 >

X M, U, Cedx * ' (23)
- at? st \ ¥ at m UO2 '
| p

2 > : .
G My JEY, Fexddy ® o 24)
at? st \ Y at m U2

p 0

where d2X/dt2 and sz/dt2 are the accelerations of the dust particle,
dX/dt and dY/dt are the velocities of the dust particle, UX and Uy are the

- velocity components obtained from a given flow field model, m, is the mass

2> , .
of the particle, and the vector Fex is the external force acting on the

particle. For depositiou by inerti;1 impaction only, ?ext was set equal to
zero. If ?ext is set equal to mﬁg where E is the acggleration of gravity, A
then the solution of Eqs. (23) and (24) will give deposition of the particles
by a combination of inertial and gravitation effects. The dimensionless
group Ga‘==ga/U02, which results from substitution of %ext = mpg in Eqs. (23)
and (24), is called the Galileo number and is characteristic of gravitational
separation. Electrostatic effects could theoretically also be included in
the solution oftthese equations if a relationship could be developed for the

external force due to electrostatic effects on one dust particle moving in a

- 13 -



bed of granules. As in the case of diffusion, deposition by interception can
be superimposed on inertial deposition simply by taking into account the
finite size of the dust particle by using a dimensionless effective radius

of the granule equal to 1 + Rp.instead of the actual radius of the granule

in the computations. This was done by Gutfinger et al.14 for both the
creeping and potential flow fields for a porosity € = 0.5 (Figure 6).

‘3. Direct Interception.. The mechanism of interception is that a cer-

tain amount of dus;y gas passes in the vicinity of the collector through the
concentric annuli of radii a and a + rp, and dust particles carried by the
gas through this space touch the granule because of their size rp. ?his
happens even when inertial, diffusional, and other deposition effects are
negligible and is independent of the velocity of the gas, depending onli on
the size of the dust particle, rp, the size'of the granule, a, and the
porosity of the bed, e. Intercepfion can be taken into account in combination
with diffusion or inertial impaction as discussed above, but for small values
of the interception parameter Rp = rp/a, a separate analytical solution is
possible. If it is assumed that the dust particles follow the streamlines

‘of the fluid and a partiqle is captured only if it passes within a distance

r of the collector surface measured at the angle 0 = 90° &ith respect to the

direction of flow, then the single-particle efficiency is given by

realr

P
f Ue| gm g 2TEdX
r=a

E = 5 ) ' ' (25)
U.ma :
0

Paretsky et al.,35 using U9|9=n as given by the Happel15 flow field,
integrated Eq. (25) to obtain’

n

3 3, 2
ER 'i{g(E)] RP : (25a)

and, choosing g(e) = 1.31/€,

2,3
E, = 3.37RP /e . ' | (25b)

- 14 -



10.0

Eo(%) SINGLE SPHERE EFFICIENCY

0.0t

POROSITY €:=0.5

1 1 ) 1

10t

Figure 3.

10 10 10
Pe. NUMBER

Diffusional capture factor

vs. Peclet number for different values
of the interception parameter (Rp) in a

dense medium,.44

Figure 5.

(b) vISCous FLOW

Flow lines around a sphere.

- 15 -

|00 - Bl T LI |] T L) LB ll
sof ]
20r STOKES FLOW B
NEALE & NADER (1974} MODEL
10 | POTENTIAL FLOW -
- KUWABARA (1959) 3
C  MODEL ]
5 r -
L 0 i
2r BED POROSITY €:0.4
| E Reo—uo ?
o5F 3
0.2 E
0.l 1 [E Laegl i oo vl ! i1ttt
00l 002 005 Ol 02 05 | 2 5 10

ST — STOKES NUMBER
Figure 4. -Single-sphere efficiency

vs. Stokes number.

100 T T T T T

S F POTENTIAL
FLOW
z N
o
o
w0
w
G T 7
T VISCOUS
% FLOW
w
3 b POROSITY € =0.5
Z .| POTENTIAL
g | TN, VISCOU3 |
w < FLOW .
1 1 1 1
%o 0.l | 10

St, STOKES NUMBER

Figure 6. Single-sphere efficiency
vs. Stokes number.l%



With the Lamb22 flow field used for flow between two concentric spheres in

potential flow, integration of Eq. (24) gives

_1 2y 1 '
ER = Bl + 2Rp + Rp ) T +‘Rp] : | (26)
and, for Rp << 1,
ER = 3Rp/€ . ' (26a)

Thus, although in each case the single-particle efficiency due to inter-
ception is independent of gas velocity, the efficiency is much higher for a
given value of the interception parametef, Rp, for potential flow than for
creeping flow. This is evident when comparing the two flow fields around

a single spherical collector (Figure 5). In general, capture by direct
interception is much less than capture by diffusion or inertial impaction.

4, Gravity Settling. As pointed out’above, the trajectory equations,

Eqs. (23) and (24), can be used to include any force that can influence the
motion of a dust particle in a granular bed. If the external force in the
‘equations is taken as Fext = mpg, gravitational separatiop (SéttlingZZOf
particles is obtained together with inertial effects. Tardos et al, using
the Kuwabara,fiow model, obtained the combined effeét of gravity settling
and inertial impaction for a bed of spherical particles 6f.porosity“
€ = 0.5 (Figure 7). Since gravity acts in the directidﬁ opposite to the flow
of the gas, the efficiency is greater when gravity settling is not included
than when it is. This was verified experimentally by Thomas and Yoder47
‘and by Paretsky et al.,35 who found higher filtration efficiencies in packed
beds of spherical particles for downward than for upward flow. However, like
capture-by direct interéeption, capture by gravity settling is small compared ‘
with that by diffusion and inertial impaction, unless the dust particles are
very large. V

For a single isolated collector (granule), assuming all other collec-

tion mechanisms to be negligible, Chen6 suggests that the single-particle

efficiency due to gravity settling is giVen by

E. = Vp/UO ‘ 27)

- 16 -
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~ where Vp is the terminal settling velocity of the dust particle. For
creeping flow and a spherical dust particle .
2C(p_ - p )1 2g
p £ p

V. = 28
P 9 , (28)

so that Eq. (27) becomes

2
2C(p_ =P )r g ,
E. = p__f p " C(27a)
G 9uU0-

. 2 .
With the Stokes and Galileo numbers defined as St = 2CppU0rp /9au and
Ga” = ga/Uoz, and neglecting Ps compared with pp, Eq. (27) becomes

E, = St Ga” . (27b)

. 38
This is the same expression obtained by Prieve and Ruckenstein” ~ and by
Rajagopalan and Tien39 for a single isolated collector.
To take into account the effect of neighboring particles in the

bed, Paretsky et al.35 multiplied Eq. (27b) by a correction factor equal to

/

-17 -



the average minimum projected area available for flow between the
particles, so that

EG = KcSt Ga . ‘l(27c)

where Kc is the correction factor, chosen rather arbitrarily as 0.062.
Another way to take gravity settling into account in a bed of particles is

simply to replace the superfiéial velocity U, in Eq. (27) by .the bed

velocity, Uo/s. This gives a correction facgor of K, = e

Figure 7, shows that for 400-um granules and for 2-um dust particles
the collection efficiency is 0.031% with gravity taken into account and
0.055% without it, so that the effect of gravity is 0. 024%. Eq. (27c¢) gives
the single-particle efficiency due to gravity settling as 0.0086% with
Kc = 0.062, and as 0.0567% with K.c =A0.4.

For very high particle Reynolds numbers, if the drag coefficient
is taken as constant and set equal to 0.44, the terminai settling velocity

of a dust particle is given by
Vo= 1.74/ 27 | : (28a)
o pp/pf( BT ‘ -
so that kq. (27) becowes
.
. - 1 74Kc{pp/pf(2rp)g

- ’
G UO

(29)

which includes the correction factor KC to take intp account that the dust
particles are settling in a bed of granules rather than on an isolated
collector. Since Eq. (29) 1s appllcable only when the duct particle
Reynolds number is very l‘argev(Rep : 100), Eq. (27c) will ushally.be valid
for the filtration of micron sized dust particles even at very high gas

velocities (potential flow).
B. Overall Filtration Efficiency

In the preceding section, single-particle collection efficiencies for
capture of dust particles in a granular bed of spherical collectors were

presented for the mechanisms of Brownian diffusion, inertial impactionm,

- 18 -



direct interception, and gravitational settling. To obtain the total
single—ﬁartic1e7efficiency when more than one deposition mechanism is
operative simul;aneously, it is necessary somehow to combine these expres-
sions. One way of doing this, already discussed, is to solve the trajectory
equations, Eqs. (23) and (24), for inertial deposition, with intercebtion

and gravitational effects taken into account by modifying the equations
(adding the gravitational force) or the boundary conditions. Another
possibilit& is simply to add the efficiencies together. The simple empirical

equation for the total single-particle efficiency,

ET = ED + EI + ER ’ : (30)

has been used by Da-vies,9 Pich,37_Payatakes et al.,34 Yao et al.,48 and

others. Davies points out that, since the interception mechanism bridges
the region in which either diffusion or inertia predominates, it is
reasonable to add the three efficiencies to obtain the total single-particle
efficiency. Eq. (30) is, however, at best an approximation and must be used
cautiously since it can give overly high efficiencies, especially when
gravitational settling and/or electrostatic captﬁre are also significant and
are included in the summation.

If the total single-particle efficiency can be estimated from Eq. (30)
or otherwise, then thé overall filtration efficiency for the graﬁulaf bed,
n, can be calculated by using an equation derived both by Paretsky et al.

and by Tardos et al.,42

d-eo L 31
ne=1 cxp[ 1.5E; . e (31D
where L is the thickness or height of the granular bed and € is its voidage.
This expression for the overall efficiency is very similar to the one

12,37 and assumes that filter

commonly used for cylindrical fiber filters,
elements situated in the same layer (L/2a) exhibit similar separation prop-
erties and thial the dust concentration at the exit and entrance of each
layer is uniform. Eq. (31) shows the important effect of filter thickness

L on filtration efficiency. Thus, increasing the filter thickness may
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-dramatically improve filtration efficiencies even for the case of very low
single-particle efficiencies.

In Figures 8 and 9, from Tardos et al.,46 the overall filtration effi-
ciency computed from Eq. (31) is compared with experimental filter bed effi-
ciencies. Figure 8 shows 1imi£ed data from Paretsky35 on a packed bed filter
and data from Knetting and Beeckmans19 on a fluidized bed filter. In Figure
9 the theory is compared with experimental data obtained by Tardos.45 under
conditions carefully controlled to keep electrostatic charge effects negligi-
ble. In both figures.the fit between the theory and experimental data is
quite good. Experimentai data obtained where electrostatic effects were not
négligible indicated efficiencies much higher than those theoretically pre-

dicted (an example of such data is presented in a later section),

100 L=100cm
< o , 4
gz; 80} L=I0cml' .
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A striking feature of the curves in Figureé 8 and 9 is the large dip in
overall filtration efficiency at values of the dust particle diameter in the
range 0.1 to 5 um. The location of the dip and the value of the overall
filtration efficiency there are functions of granule diameter, gas velocity,
and filter bed thickness. Thus a granular bed filter cannot be character-
ized by an overall efficiency of say, 99%. The efficiency varies with the
size of the dust being filtered, but it can be safely said that granular bed

filters'are very efficient in filtering dust of sizes >5 pym and <0.1 um.

IV. THE ROTATING FLUIDIZED BED AS A DUST FILTER

In this section a numerical example is used to compare the performance
of a coﬁventional fluidized bed with that of a rotating fluidized bed as a
dust filter. Assume a conventional fluidized bed of granule diameter
dg = 0.5 mm, granule density pg = 2.5 g/cm3, and porosity € = 0.4. The
minimum fluidization velocity, Umf’ depends on the value of Re . Assume

Reg < 20 and use Eq. (9) to calculate Um , replacing wézr by g, the

f
acceleration of gravity:

0
=428 _ g . : 9
Umf dg B} 1 1650v- ° . (9)

Taking v = 0.18 cm2/sec,

_ (0.05)2(2499)980

= 20 .
Unf 1650x0. 18 20.6 cm/sec or ~ 20 cm/sec
The grain Reynclds number is
0.05x%20.6
=518 = : < 20,
Reg 0.18 5.7 or

The pressure drop per unit thickness or length of bed is computed from

Eq. (2), again with a_ replaced by g:

AP/L = 1 - 6)(pg - egle, (2)
: 2

AP _ 1470 dynes/cm” _ " cm _water

T = 0.6(2.5)980 = p = 1.5 ~em bed
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The main disadvantage of using a conventional fluidized bed as .a dust
filter, as discussed in the Introduction, is the limitation of the gas
velocity to about 507 above the minimum fluidization:velocity. In any indus-
trial filter this would requireé the filter area to be excessively large. 1In
the rotating fluidized bed the velocity in the bed can be raised to much
higher levels by increasing the rotational speed (g-loading). Assume, for
example, a rotating bed operating at a velocity 20 times as great as the
minimum fluidization velocity of the conventional fluidized bed, i.e., 400

cm/sec. This gives a grain Reynolds number

_ 0.5x400 _
Rag =515 111 .
Assume a bed thickness L = 5 c¢m and an outer radius r, = 12.5 cm, and evalu-

ate the Galileo number at r = L by using Eq. (6a):

-3
d (o} 2
Ga = & (-8 - 1}y “r ’ (6b)
vZ 0 o o
f
0.05)3 2 2
) Ga = ~——(2499)w _“(125 = 121w
(0.18) °
At a minimum fluidization velocity of 400 cm/sec
Remf = 111 .
Substituting into Eq. (8) and solving for the Galileo number givgs_
re . = [33.7)2 1 0.0408ca]%% - 33.7 , = o (8)
11 = [(33.7)2 + 0.0408ca] 72 2 2307
5
Ga = 4.85x10" .

2 .
But Ga = 12lw , so that
o

w = 63.3 radians/sec .
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At this rotational speed the g-loading is

L2 L9 .
“o o _ (63.3)%x12.5 _-
~ g 980

51 g

This is roughly at the upper limit of the range of radial accelerations
(10 to 50 g) used in recent rotating fluidizgd bed designs. .
Use of the simplified Eq. (9) to calculate the rotational speed gives

(0.05)2(2499)w0212.5

400 = 1650%0.18 or w, = 39 radians/sec .. .

This is an appreciable difference from the 63.3 radians/sec_calculated from
Eq. (8) and indicates that Eq. (9) cannot be used at a grain Reynolds numberS,
Reg = 111, which is >20.

Calculation of the bed pressure drop from Eq. (4) gives

o _ 2, 2 2

0P = (1 - e)lp, = plu, (r,” -y )/2 ,
0 ey 5 cea 232 2 2, .
AP = 0.6(2.5)(63.3)7[(12.5)" - (7.5)71/2 ,
5 2

AP = 3.01x107 dynes/cm” ,

and
AP _ 3.01x105 _ 61 j'cm‘Water
L 5x980 ’ cm bed

Use of Eq. (3) to calculate the pressure drop gives

- 2 2 ' 3

AP = (1 - E)(pg - ppu Ty ln(ro/ri) R | 3)
2 2
AP = 0.6(2.5)(63.3)7(12.5) 1n(12.5/7.5) ,
5 2
AP = 4,.80x1Q° dynes/cm™ ,
and-

AP _ 4.80x105 = gg, o m water
L 5x980 ‘ cm bed

- 23 -



Thus, for a 5-cm-thick bed, Eqs. (3) and (4) give appreciably different
results for bed pressure drop. Comparison of the result of Eq. (4), which
is equivalent to assuming the pressure drop to be equal to the weight of
the rotating fluidized bed per unit area of the distributor, Eq. (4a),
with the pressure drop in-the conventional fluidized bed shows that increasing
the velocity by a factor of 20 increases the pressure drop Per unit thick-
ness across the bed by»a‘facfor of &40 and requires a g-loading about 50
times the acceleraéion'of gravity.

Since the rotating fluidized bed in this example operates at a g-loading
50 times the acceleration of gravity, the first thing to be determined is
whether the single-particle efficiency due to gravitational settling, unlike
that in a conventional fluidized bed, becomes an important mechanism of A
depoéitibn in a rotating flﬁidized bed filter. From Eq. (27c), the single-

particle efficiency due to gravity settling is given by

E. =K St Ga~” - ' : (27¢)
G c -

or

where St = 2CppU
2 X
fluidization velocity Umf and g by the radial acceleration, a_ = w, T, gives

p2/9au and Ga”’ = ga/UO2 . Replacing U, by the minimum

2 2
2K Cor 'w'r

=—¢ PP O (32

Eq 9uU : 1 A , (32)

For low grain Reynolds numbers (creeping motion range) Umf s evaluated by
using Eq. (9) so that Eq. (32) becomes

\2
) r f y
£ g cx1650| £ ) —B— (32a)
9 ¢ dg Py = Pg .

s
I

1l

and, with pp 2.0 and pg = 2.5, the result is

E 73.3CK R 2 . (32b)
G cp -

where R.p is the interception parameter previously defined as Rp = 2rp/dg-
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For very high grain Reynolds numbers (potential flow), Umf
is defined by Eq. (10):.

: - -8 2 .
Umf AO'ZVdg(pf 1>u)o r . (10)

For r'= L Eq. (32) becomes

in Eq. (32)

+

@2r )?
B, = 61.80K —2— (u 2. 4\1/2 (32¢)
C U/i (o] (o]

and, with 0, 63.3 radians/sec, ro= 12.5 cm, and dg = 0.05cm ,

E

3 2
G 61.8x10 CKC(er) . (324)

Equation (32b) indicates fhét in the creeping flow regime deposition by
gravifatibnal settling in the rd;ating fluidized bed is independent of rota-
tional spéed and depends only-oﬁ thé'intércéption parameter Ré.' This is
because increasigg the g force causes an increase in the settling velocity:
of the dust partiéle, but also causes a corresponding increase in the minimum
fluidizatipnvvéloqity of the bed. In.the potential flow regime, however, -
deposition by gravitationai settling is a function of the square root of the
radial acceleration and théreféré varies with the rotational speed of the
bed. - |

Table 1 gives values 6f the single-particle gravitational settling
effiéiency as a function of dust particle size, 2rp, for the case being
considered, with use of either Eq. (32b) or Eq. (32d) and an arbitrary
. value of KC = 0.062.

The data indicate that in both the creeping motion and the potential
flow regimes the single-particle efficiency due to gravitatiopal deposition
in the rotating fluidized bed, as in a conventional fluidized bed, is very
small for dust particles in the size range 0.1 to 4.0 ym. Since the radial
acceleration acts opposite to the direction of flow of the gés, the gravita-
tional deposition tends to lower the single-particle efficiency. However,

because of the small efficiencies calculated in Table 1, the uncertainty
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. Table.l
Single-Particle Efficiency for Gravitational ‘Deposition

2 L/

ZrP (ym) c - : RP - By . B, (%)
Creeping Flow Regime, Eq. (32b) .

0.1 3,05 4 %1070 5. 6x10 % '5.6x10;

0.5 1.33 } 107, 6.1x10_. 6.1x10_,

1.0 1.16 4 x10_ 2.1x107; 2.1x10_,

4.0 1.04 6.4x10 , 3.1x10 3.1x10
Potential Flow Regime, Eq. (324)

0.1 3.05 10:%0 1.2x10_ ¢ 1.2x10

0.5 1.33 2.3%10° 1.3x10_7 1.3x10_,

1.0 .16~ - w8 4.4x107; 44107,

4.0 1.04 1.6x10~" 6.3x10" 6.3x10

of the value of K , and the questionable legltlmary of 1nclud1ng EG as another
term in Eq. (30) to obtain the total 31ngle—part1cle eff1c1ency, thls term
will be neglected, and only dep051t10n by diffusion, 1nert1al 1mpact10n, and
interception will be considered.

The 31ng1e-part1cle eff1c1ency due to diffusion, 1nert1al 1mpact10n, ‘and
interception is computed below for dust partlcle sizes 0.1 to 4.0 um for
both creeping flow (Reg > 0) and potentlal flow (Reg + «) with use of the
equations developed in Sectlon IIT. Since the actual grain Reynolds number
for both the conventional and the rotating fluidized bed is of finite size
between these limits, the results will tend to bracket the actual
expected efficiencies. | |

For diffusion in the creeping motion regime, Eq. (16b) is used,

B, = 5.240e~2/3 )¢ | ' (Lbb)

with the Peclet number defined by Eq. (17), the diffusion coefficient by
Eq. (18), and the Cunningham correction factor by Eq. (19), and with the
Boltzmann constant = 1.38}(10—16 ergs/oK and a bed voidage € = 0.4.

Equation (18) can be written as

D= 2.42x10_7/,2rp _ . \ (iSa)
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where 2rp is the dust particle diameter in microns, and it can be conveniently
used to calculate the diffusion coefficient appearing in the Peclet number.
Single-particle efficiencies (as percent) were calculated with Eq. (16b) and
plotted versus the superficial velocity in the bed for dust particles of size
0.1, 0.5, 1.0, and 4.0 um (Figures 10 to 13). The curves are all straight
lines of slope equal to -2/3'on the log plots and clearly show that the
efficiency due to diffusion is largest for small particles and decreases as
the dust particle size and velocity in the bed increase.

For direct interception in the creeping motion regime, Eq. (25b) is used,

Er

3.371;172/e3 (25b)

and, ‘for € = 0.4,

]

52.7R.p2 ” : (25¢)

Ep

Calculated values of ER are given in Table 2. They are significant only
for particle sizes of 1 and-4:um and appear in Figures 12 and 13 as horizontal

lines independent of velocity.

. Table 2

Single-Particle Efficiency for Direct Intercep;ion, Re + 0

E. (2)
2r  (um) . Rp ER R
_ - - -4
0.1 4 x1078 2.11x107¢ 2.11x1075
-6 -5 5.27x10
0.5 10 , 5.27x10 .27x10_
-6 4 1x10
1.0 4 x10 2.11x10 2.11x10_,
-5 -3 7x10
4.0 6.4x%10 3.37%x10 3.37x

For inertial impaction, the Re - 0O curve in Figure 4 (a plot of single-
particle efficiency vs. Stokes number) is used to calculate single-particle
efficiency as a'function of supefficial bed velocity for each particle size
considered. As seen in Figure 4, deposition by inertial impaction is zero
below a critical value of the Stokes number. For dust particles of sizes
0.1 and 0.5 ﬁm the critical Stokes number has not yet been reached at super-

ficial bed velocities of up to 1000 cm/sec, so that inertial impaction does
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not contribute to the filtration efficjiency, and the total single-particle
efficiencies plotted in Figures 1Q and 11 are for diffusion and impaction
only. For dust particles of sizes 1.0 and 4.0 ﬁm, inertial impaction becomes
important in the velocity range of intérest, and its effect is seen in the
rapidly rising portion of the total single-particle efficiency curves in
Figures 12 and 13. 1In Figures 10 through 13 the total single-particle
efficiencyAwas.calculated by the simﬁle sﬁmmation rule, Eq. (30).

For potential flow, the single-particle efficiency due to diffusion was

calculated by using Eq. (21),
ED = 4.52Pe71/2/€1(2 . ' (21)

The single-particle efficiency due to interception was calculated by using
Eq. (26a), '

!ER'= 3Rp/é;; . .’ 'f' - (26a)

and, for € = 0.4,

E, = 7.5R . _ (26b)
R . P

Table 3

Single-Particle Efficiency for Direct Interception, Re - ©

’ ' E_ (%

2rp (um) RP ’ Ep )
0.1 2x1073 1.5x107 0.15
0.5 10 7.5x10 % 0.75
1.0 2x10_; 15 x10 1.5
4.0 8x10 0.06 6.0

The results, summarized in Table 3, are seen to be much higher than those for
creeping flow (Table 2). The single-particle efficiency by inertial impacs~
tion was obtained’by using the Re + « curve in Figure 4. Figures 14 through
17 are plots of the single-particle efficiency for diffusion and for direct

interception and of the total obtained by the simple summation rule, Eq. (30).
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The results for total single—particle efficiency in Figures 10 through
17 were used to plot total single-particle efficiency against dust particle
size for superficial velocities of 30 and 400 cm/sec, for both creeping and
potential flow (Figure 18). For a superficial wvelocity of 30 cm/sec, repre-
senting operating conditions in a conventional fluidized bed at 1.5 times
the minimum fluidization velocity, the lower curve (Re > 0) is more applicable
because the grain Reynolds number is very low (<10). For the rotating fluid-
ized bed operating at a superficial velocity of 400 cm/sec, the grain
Raynolds number was calculated to be ill; therefore, the proper efficiency
vs. dust particle diameter curve lies somewhere between the two limiting
curVés representing creeping flow and potential flow.

The overall bed efficiency n was calculated from the total single-
particle efficiency by using Eq. (31) with an assumed bed thickness
L =5 cm. The results for a rotating fluidized bed operating at a minimum
fluidization velocity of 400 cm/sec are presented in Figure 19 for the two
limiting cases of creeping motion (Re -~ 0) and potential flow (Re - «).
Tﬁe actual curve for a Reynolds number of 111 should lie somewhere.in between.
The data in Figure 19 indicate that a rotating fluidized bed operating at the
conditions chosen for this numerical example should serve as an excellent
filter, with efficicncies that are very high in the entire spectrum of dust
particle sizes and approach 100% for particles >1 pm. V

The overall filtration efficiencies actually obtained in a rotating
fluidized bed could be lower than those predicted by Figure 19 since the
theoretical analysis did not take into account the possibility of reentrain-
ment of dust particlésAonce they lLave been captured by rhe granules in the
filter. This did not seem to occur in experiments in conventional fluidized
bed filters, as shown by the good agreement between the experimental data and
the theoretical predictions in Figures 8 and 9. However, the much higher
operatingAvelocity (400 rather than 30 cm/sec) as well as the effect of the
tangential velocity imparted to the gas in the rotating fluidized bed could
cause appreciable dust reentraimment and a corresponding drop in overall
efficiency. Whether this will occur in practice can be determined only by

experiments.
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On the other hand, the thegretical analysis also neglected deposition
of dust due to electrostatic effects, which could greatly enhance the overall
filtration efficiency. Tardos45 found that a fluidized bed filter with
Lucite spheres as the granules for filtering cement dust gave filtration
-efficiencies much higher phan expected from theoretical predictions
(Figure 20). He found that the discrepancy between theory and experiment
was due to the Lucite bed being electrostatically charged, and that the
amount of charge could be increased by vigorous fluidization of the bed with
dry air before or during the filtration e#periment or decreased by passing
very humid air at low velocity through the bed to remove the charge. The
filtration efficiency of the fluidized bed filter showed a large increase
immediately after the gas velocity exceeded the minimum fluidization velocity
(Figure 21); this indicated that fluidization causes the dielectric plastic
granules to acquire electrostatic charges by contact or frictional electrifi-
cation, a phenomenon known as triboelectrification. Further increases in gas
velocity above minimum fluidization cause a decrease in efficiency due to
bubbles formed in the bed and the bypassing of dust via the bubble phase.
The large increase in efficiency observed in the fluidized bed was not found
in a packed bed of sand granules run at the same operating conditions (Figure
21). Anderson and Silvermanl noted the importance of triboelectrification in
fluidized bed filters as early as 1958, and found that electric cha;ge is
generated within a fluidized bed because of contacts of the fluidized media
with conducting sutrfaces interspersed throughout the media; in one series of
tests they noted a 12-fold increase in collection efficiency due to the use
of electrostatically charged filter media. Recently Figueroa and.LichtlI
obtained very high collection efficiencies (299%) by using relatively
shallow (29 cm) fluidized beds of plastic beads for filtering aerosols in the
0.5 to 2.0-um size ranges; they attributed this to the triboelectrification
process. Higher collection efficiencieé due to triboelectrification have

also been reportedZ for a spouted hed filter.

V. CONCLUSIONS

Granular bed filters provide high filtration efficiencies for filtering

fine dust or mist in the particle size range‘around 1 ym. Compared with more
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conventional particulate removal equipment for this dust size range
(electrostatic precipitators, bag filters, Venturi scrubbers), they are
attractive where process‘conditions require (1) use of an inert collector
capable of withstanding elevated temperatures as in combustion processes,
coal gasification, etc., or (2) simultaneous air pollutant absorption and

particular filtration, e.g., to remove H,S and alkali fume from a coal

gasifier. With fixed beds the need to ciean or regenerate the collector
granule$~requires‘cyclical opefation or the use of a moving -bed through
which the collector gfanules circulate slowly. Fluidized beds offer the
possibility of continuous operation, low pressure drop, and increased
collection efficiencies due to the triboelectrification effect but cannot be
operated at velocities much higher than minimum fluidization because bubbling
beds have lower collection efficiencies due to bypassing of dust particles

in the bubble phase. This severely limits the use of fluidized beds as
commercial filters because of the excessive bed area that would be required.

The rotating fluidized bed presents a novel means of overcoming this
limitation since the minimum fluidization velocity can be increased to many
times that of a conventional fluidized bed simply by increasing the rota-
tional speed of the bed. Furthermore, operation of a rotating fluidized
bed at a minimum fluidization velocity of 400 cm/sec, say, compared with
20 to 30 cm/sec in a conventional fluidized bed will shift the minimum v
filtration efficiency of the bed to a smaller sized dust particle and will
also take advantage of the higher collection efficiencies obtained for high
than for low Reynolds number flow (see Figure 18). Running at a substan-
tialiy higher velocity will increase the pressure drop across the bed, but
this is true for any type of granular bed filter including packed and moving
bed filters. )

Since the only experimental data4 for rotating fluidized bed filters
are inconclusive, it is not known whether the high gas velocities through
the bed and the tangential velocities produced by the rotation of the
distributor will tend to cause reentrainment of dust particles already
collected by the granules and thus lower the expected overall filtration
efficiencies. The answer to this important question can be obtained only

by carefully designed experiments.
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One of the probléms associated with fluidized bed filters is the
p0331b111ty of clogging the dlstributor -when filtering gases containing dust
of wide size dlstrlbutlon 1nclud1ng large as well as ‘small particles. For
such appllcatlons it might be necessary to remove the large particles.ln a
cyclone or other device before sending the dusty gas to the fluidized bed
filter. Since a-cyclone-is efficient only for filtering dust particles of
size 215 um, and the smaller partlcles leave with the exit gas in the
cyclone's outlet tubes, it seems logical to combine the large-particle
filtering capability of the cyclone with the small—parficle filtering
capability of the rotating fluidized bed and thus produce a highly efficient
filter for a large spectrum of particle sizes as well as avoid‘problems of
clogging of the distributor in the rotating fluidized bed. One such device
designed by Pfeffer and Tardos, (Figure 22) has the rotating fluidized bed
simply fitted in the cylindrical exit tube of a conventional cyclone.

D1rty granules are continuously removed from the bottom of the rotating

fluidized bed together with the large dust particles collected by the cyclone.
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Figure 22, Combined cyclone separator and rotating
fluidized bed filter.
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Clean granules are added to the rotating bed from a hopper at the top. Since

the rotating fluidized bed can be run at velocities much higher than those in

a conventional fluidized bed, and since the height of the béd can also be

varied, it turns out that the entire filter can be operated at the recommended

inlet velocity of a standard cyclonme. Further design studies and experiments

are necessary to determine whether such a device is indeed feasible as a

high efficiency dust filter.

NOMENCLATURE (IN CGS UNITS)

radius of granules, cm

centripetal acceleration,'cm/secz

distance of limiting trajectory, cm '

Cunningham correction factor, dimensionless, defined by Eq. (19)
diffusion coefficient of dust particles, cmz/sec, defined by Eq. (18)
diameter of granule, cm

single-particle collection efficiency, dimensionless
single-particle efficiency due to diffusion, dimensionless
single-particle efficiency due to inertial impaction, dimensionless
single-particle efficiency due to interception, dimensionless

total single-particle collection efficiency, dimensionless

external force acting on a dust particle, dynes

acceleration of gravity, cm/se_cz

acceleration of gravity showing direction, cm/sec

- function of voidage, dimensionless, used in Eq. (16a)

Galileo number, dimensionless, defined by Eq. (6)
Galileo number, dpmensionaless

height of rotating fluidized bed, cm .

dust particle flow rate, particles/sec

Boltzmann constant, J..38xll_)-1'5 érgs/oK

correction factor, dimensionless, defined by Eq. (27c)
thickness of fluidized bed, cm

mass of dust particle, g

2
pressure drop across fluidized bed, cm water/cm bed or dynes/cm
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Pe Peclet number, dimensionless, defined by Eq. (17)
Q volumetric flow rate of gas,.cm3/sec

radial distance from axis of rotation, or radial coordinate in X,y

plane, cm

r, inner radius of rotating fluidized bed, cm

ro outer radius of rotating fluidized bed, cm

rp radius of dust particle, cm

RP interception parameter, rp/a, dimensionless

Reg “grain Reynolds.number, dimensionless

Remf Reynolds number at minimum fluidization, dimensionless, defined by
Eq. (7)

Sh Sherwood number, dimensionless

St Stokes number, dimensionless, defined by Eq. (22)

t Dimensionless time, as used in Eq. (23)

T absolute temperature, °k

Umf velocity at minimum fluidization, cm/sec

Uo superficial velocity through a bed of particles, cm/sec

Vp terminal settling velocity of a dust particle, cm/sec

Vt tangential velocity, cm/sec

Ve velocity of gas in the 6 direction, cm/sec

X,Y coordinates in the x,y plane, dimensionless, defined by Eqs. (23) and
(24)

€ void fraction, dimensionless

Enf void fraction at minimum fluidization, dimensionless

n overall filtration efficiency for a granular bed, dimensionless

u viscosity of air, g/cm-sec ‘
kinematic viscosity of the air, cmz/sec

¢S sphericity of granul;s, dimensionless

Pe density of air, g/cm

n density of granules, g/cm3
Po density of dust particles, g/cm
8 polar coordinate in the x,y plane, radians

w rotational speed of distributor, rad/sec
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