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EXECUTIVE SUMMARY

INTRODUCTION

The purpose of this study is to apply the methodologies developed

in the Energy Conservation in Coal Conversion August, 1977 Progress Re-

port - Contract No. EY77S024196 - to an energy efficient, near-term coal

conversion process design, and to develop additional, general techniques

for studying energy conservation and utilization in coal conversion -

processes.

The process selected for study was the Ralph M. Parsons Company

of   Pasadenaa Cal ifornia "Oil/Gas Compl ex, Conceptual Design/Economic

Analysisu as described in R&D Report No. 114 - Interim Report No. 4,

published March, 1977, ERDA Contract No. E(49-18)-1975.  This process

was chosen because:

1)  A primary design objective was energy efficiency,

which resulted in a plant thermal efficiency of 77%.

2)   We had access io most of the needed data.

3)   This design is included in the Department of Energy's

coal synthetic fuels demonstration plant accelerated

program.

Inspite of the high -overall thermal efficiency of this design,

our studids reveal areas where significant amounts of energy may be

conserved or utilized in a more cost effective manner.
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I - Coal Conversion Process Selection

A number of processes were examined as candidates for this

study.  The Ralph M. Parsons Oil/Gas Complex was chosen because:

1)  A primary emphasis was placed on maximizing

the energy efficiency of the process.

2)  This design is included in the Coal Synthetic

Fuels Demonstration Plant Accelerated Program.

3)  We had access to the design data.

II - Method for Computing the Optimum Economic Pipe Diameter for
Newtonian Fluids

A closed form relation is presented for calculating the diameter

of a pipe line which yields the minimum life-cycle cbst for a wide range

of parameters and operating conditions.

A central consideration in the derivation of the relation is

that the optimum diameter should reflect the energy costs for overcoming

friction losses.

Diameters from the method presented here are compared with a

relation developed by DuPont Co.  The mean absolute percent difference

between the two methods is less than 19%, with the method outlined here

yielding larger diameters than the DuPont relation.

III - Energy Conservation Potential in Heat Recovery Techniques - A Case
Study

In this study, we looked at replacing certain heat exchangers

with Organic Rankine Cycles.  In each case, we determined the cost of
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generating power and then from this tabulation of capital investment

for power generation, feasibility of replacement pn a unit-by-unit

basis was detenmined.

,
The results show that 18 heat exchangers reject sufficient

heat to warrant ORC usage, with potential electric generation of 36 MW

which is 17% of the 210 MW generated in the Oil/Gas Complex.

Cost estimates indicate the,capital investment required to

be approximately $1000/KW with a potential reduction to $300/KW for mass

produced units.

IV - Alternate De-Ethanizer Refrigeration System to Conserve Energy -
A Case Study

This study examines an alternate system to cool an ethane.gas
f

'

stream from the fractionator in Unit 18 of Parsons Oil/Gas Complex.  This

alternate wi'11 save 2.6 x 105 Btu/hr of energy or .25 short TPD of c6al
0                                                   1

out of 36,000 TPD used in the Oil/Gas Complex, at an installed cost of

$151,000 with an operation and maintenance cost of $7550/yr.  Assuming

a 20-year life, 9% interest rate on borrowed capital, and an electricity

cost of $.025/KW-hr, the Life Cycle Cost (LCC) of the new system is

$179,000 over a 20-year period. Using a Discounted Cash Flow Analysis the 4
\

Return on Investment is 0,%.
t

V - Feasihility Study of A Combined Combustion - Gasification Facility

This work examined the feasibility of mechanical deep cleaning

of coal where the cleaned coal would be Osed for direct combustion and

the rejected portion would be used in a coal gasification plant.  To



make this feasible, the reduced thermal efficiency from gasifying "dirty '

coal "  must be offset  by the reduced energy requirement  for  the  fl ue  gas

desulfurization system.

Our study indicated, for the coal being considered for the

Parsons Oi T/Gas Complex - Illinois No. 6 - the energy saved by reduced

flue gas desulfurization was approximately equal to the energy lost from

gasifying the dirty coal . The methodology for this study is presented in

such a way that other coals - particularly a high pyritic sulfur content -

could be studied.

VI - High Pressure Steam Generation from Heat Recovery Boilers

This section develops a methodology for calculating and evalu-

ating the increased work potential possible from high pressure steam

generation in waste heat. bo.ilers.  This .methoddlogy is applied to the
'

Ralph..M. Parsons' commercial concept of the 011/Gas Complex.  Implementatiod

of the proposed scheme would result in an export power .increase .of 7.7 MW

which is a 4% increase of the 210 MW generated in the complex at a cost of

$2110/KW.

VII - Combined Cycle In-Plant Electrical Power Generatibn

A combined 'cycle power generation scheme  for the Oil/Gas Compl ex

was  studied :as  an al ternate  to the steam turbi·ne power generation system

to see.if energy can be saved in a cost,effective way.  The combined .cycle

generates an excess of 22.2 MW of electricity or a 10.6% increase of the

210 MW generated in the Oil/Gas Complex at a cost of $610/KW. If electricity

is exported at $.025/KW-hr, a rate of return on the additional capital
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investment of. 19% is realized.  Using present state-of-the-art equipment,

the combined cycle is a cost effective way to better utilize energy.

VIII - Direct Coal Fired Steam Generation in Lieu of Low Btu Gas

This section examined the feasibility of replacing the low Btu

gas fired power generating system with a direct coal fired power generating

system, in which 48,000 lb/hr of coal·would be saved which is 1.6% of the

total 36,000 TPD used in the Oil/Gas Complex.  The difference in installed

cost between the direct coal fired system and the gas fired power generation

system is 36.4 million dollars.  The rate of return on the additional

capital cost for the coal-fired system.is 8.21%.  The life cycle cost is

-4.4 million dollars over a 20-year. ·life with capital borrowed at.9%
t                                                                                                                    e

interest.

IX - Alternate Acid Gas Removal Study

To reduce the reboiler steam required, we studied replacing

the MEA (monoethanolamine) system proposed by the Ralph M. Parsons Co.

with a DEA (diethanolamine) acid gas removal system.  Steam consumption

is reduced by 16,000 1 bm/hr which is 1 % of the total steam generated in

the Oil/Gas Complex or $317,000 per year.  In addition, there is an annual

savings of $88,000 for chemicals.  The additional capital costs and

operating expenses for the DEA system are.negligible since the process

plants are equivalent.  It is therefore recommended that a DEA system

replace the MEA system as Process U,lit 17 of the Oil/Gas Complex.,
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X - The Thermodynamic Performance of Two Combined Cycle Power Plants
Integrated with Two Coal Gasification Systems

Sections from a Ph.D. thesis present in summary, a thermodynamic

treatment of four integrated coal gasification and combirled power plants

with the aim of studying the effects of component optimization, and emis-

sions of NOx and H25 on cycle performance.

A combined cycle station efficiency of 36.67% results from the

best plant configuration when allowable emmissions dre met, and 10% of

the electrical power generation is subtracted from the net work out.  For      ,

a rankine cycle, the efficiency is 35%, when compared on an equal basis.
0

XI - Energy Conservation Potential in Shaft Power Generation and Distribution

A criteria for determining the most energy efficient horsepower

break-point for using electric motors or steam turbines is'developed and

applied to the prime movers in the Ralph M. Parsons Co. Oil/Gas Complex.

No significant amount of energy can be saved, since the electric motor

turbine break-point established by Ralph M. Parsons Co. coincides with

the criteria developed in thjs study.

XII - Basis for Fuel and·Utility Costs

.,

A common basis for fuel and utility costs is used throughout

the sections in this study.  FEA energy price projections for Region V

(Michigan, Ohio„ Indiana, Wisconsion, Minnesota, Illinois) and averaged

prices from other sources are used.
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XIII - Using Second Law Analysis-to-Pinpoint·Inefficiencies in
Coal Conversion Processes

1

A second law,analysis is performed on the Eischer-Tropsch1.  ..

complex designed by,the Ralph M. Parsons Company, to locate areas. .of

energy inefficiency.  The complex has an overall first law efficiency

of 70% and a second law effici.ency of 68.7%.  Two ar'eadn the complex

where efficiencies could be improved are:  unit 14, acid gas removal,

and unit. 21, sulfur recovery,,which have second law efficiencies of

80.2% and 66.4% respectively.  The other process units of the plamt had

'          efficiencies greater than 87%, indicating energy recovery and conservation.

techniques had been. implemented in the design of the complex.
1

.,
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OIL/GAS PLANT DESCRIPTION

The Ralph M. Parsons Oil/Gas Complex is a coal conversion

facility designed to use high-s6lfur coal'and convert it to'SNG (substitute

natural gas); LPGs (liquified petroleum gases), fuel oil and naphtha

using hydroliquifaction technology. The industrial 'complex consists of a

large captive coal mine that produces 47,000 tons pef day (TPD) of run-

of-mine coal which is supplied' to a coal preparation plant, which in turn

supplies 36,000 TPD of clean, washed coal with a heating value of 12,125

Btu/lb.  Along with.the above mentioned products, the plant produces by-

products of ammonia and sulfur.  All electricity and steam required for

the Oil/Gas Complex 'are generated within the plant, therefore, the input

to the plant is coal, oxygen and water.  The overall material balance

is shown on Figure 1 and the energy balance is shown on Figure 2.  The

estimated fixed capital investment is $1.25 billion; this figure is based

on fourth quarter 1975 dollars.

i.
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SNG 3,940 TPD

COAL (2.7% MOISTURE)                                                                                                                      -

35,670 TPD PROPANE LPG 530 TPOr. Ir-

BUTANE LPG 410 TPO =-
NAPHTHA · .1,280 TPD

D- -

FUELOIL 11,310 TPO
D- -

OXYGEN 4,500 TPO 01 L/GAS SULFUR 1,250 TPOI. PROCESS D-
UNITS

AMMONIA 90 TPO
ial -

WATER 57,750 TPO1.

SLAG 4,210 TPO r-
WASTE GAS ((02, et al.) 22,950 TPD .-

WATER LOSSES 51,950 TPD r-

TOTAL IN = OUT 97,920 TPD

ALL FIGURES IN SHORT TONS

FIGURE 1

Overall Material Balance

Reproduced from R&D Report No. 114 -
Interim Report No. 4 by The Ralph M. Parsons
Company
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SELECTION PROCESS

Our initial studies on energy conservation in coal conversion

were.performed by investigating the commercial concept design of the PETC

Synthane Process.  These studies developed methodologies that can be used

to conserve energy in other coal conversion processes.  The next step was

to select another process where our methods could be applied.

The following table is a summary of the processes that we examined

and the reasons listed in the remarks column were used to screen the

systems.  Both the Fischer Tropsch and the SRC II were acceptable systems

to study and we arbitrarily chose the SRC II system for further study.



i

\

\

PROCESS
DEVELOPER  CLASSIFICATION REJECTED: REMARKS

\

Lurgi Lurgi      1                 Low btu Yes Powerton project in Illinois
is oriented towards system
integration, and of prop-
rietary nature.

Coalcon Coalcon CO. Multi Yes Plans for a four phase project-
to construct a 2,600 TPD plant

\ have been cancelled.

i     ·                                               Accelerated Program Candidate
i

Coalgas                              i Yes In initial design stage.

Koppers-Totzek. Hei nri ch Kopper  GmbH Low btu Yes Proprietary                          1

Koppers-Totzek Heinri ch Koppers' GmbH High btu Yes Proprietary               

(02
Acceptor Consolidated Coa  Co. High btu Yes Design developed for comparing

\ various process. Energy con-
.

servation.was not a design
criterion.

r.

Bi-Gas Bituminous Coal Res.,Inc. High btu Yes Energy conservation not a
design criterion.

Hygas Institute of Gas Technology High btu Yes Energy conservation not a design
criterion.  Accelerated Program
Candidate.

Fischer-Tropsch Fischer Tropsch Multi Yes Developed with energy conserva-
tion as a design criterion.
Accelerated Program Candidate -
see discussion.

TABLE 1



PROCESS DEVELOPER CLASSIFICATION REJECTED REMARKS

SRC II ERDA Multi                      No                      The oil/gas complex is an

Accelerated Program Candiate.
Developed  wi th energy  con-
servation as a design cri-
terion.

Wellman-Galusha Wellman-Galusha High btu Yes No large-scale plans available.

Air Products & Air Products & Low btu Yes Initial design stage.
Chemicals Chemicals

Wellman Land 0' Lakes

Applied Technology  Low btu Yes Pilot plant.                 7
Ul

Woodhall-Duckham Holly Kennyshot Low btu Yes Pilot plant.

Wellman-Galusha Mason Hanger Low btu Yes Pilot plant.

Stoic 2 stage Foster-Wheeler- Low btu 'Yes Pilot plant.
Univ. Minnesota
(Duluth)

TABLE 1
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Processes that weren't immediately rejected because of a lack

of size in the scale of the conceptual designs or lack of development

were then followed-up with conversations with the process developer,

sponsor, or engineering subcontractor.

The conversations with various developers led to meetings with

Raymond L. Zahradnik, former Director of the Division of Coal Conversion

and Utilization with ERDA.  Following Dr. Zahradnik's suggestion, a

meeting with Neal Cochran, who served as Senior Technical Advisor on

several coal conversion conceptual design analyses, followed.

Neal Cochran provided us with documents describing the proposal

for the Coal Synthetic Fuels Demonstration Plant Accelerated Program.

The primary objective of the proposed Accelerated Program is to reduce

the time required to achieve readiness of broad spectrum coal conversion

process by increasing the level of government involvement.  Developments

and improvements in coal conversion processes have reached the stage

where commercial-scale demonstration facilities must be constructed to

establish the environmental acceptability of those processes that have

the best chance of eventudlly achieving a competitive cost.  The proposed

program includes those processes indicated in the table.

The Oil/Gas Conceptual Design/Economic Analysis util izes<the

SRC II process.  This conceptual design developed by Ralph M. Parsons

Company is for a commercial scale oiT/gas coal conversion complex.  The

Accelerated Program chose this process as a candidate because it is capable

of handling all coal ranks and does not require a reaction catalyst or a

solid-liquid filtration train.  Additionally, it is capable of accepting

product slate modifications in response to changek in the market picture.
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For these reasons, and because an extensive effort  has been inade  to

maximize the thermal efficiency of the complex,  plus  the  ease of accessi-

bility concerning the design, it has been selected as the process that

we examined in this report.
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ABSTRACT·

A  closed form relation is presented' for calculating  the  dia-

meter of a pipe line which yields the minimum l'ife-cycle cost for a wide

range of fluid parameters and operating conditions.

A central consideration in the derivation of the relation is

that the optimum diameter should reflect the energy costs for overcoming

friction losses.

Diameters from the method presented here are compared with a

relation developed by DuPont Co.  The mean absolute percent
 difference

t.

between the two methods is less than 19%, with the method outl
ined here

yielding larger diameters than the DuPont relation.  A 
19% increase in

diameter represents a 58% decrease in the pumping power r
equired to over-

come friction losses.



II-5

INTRODUCTION

As the cost of energy and materials continues to increase, more

attention is bei·ng devoted to optimization methods in a wide range of, .
engineering design problems.  A problem amenable to optimization occurs

in the selection of a. pipe·diameter for a flowing fluid, where increasing

the pipe diameter decreases the friction losses, hence energy costs, but

increases the labor and capital costs.  Although a number of constraints

such as erosion limitations,.allowable pressure drop, process control

and compressible ,flow may dictate the selection of the diameter in a
particular situation, there are many cases where the diameter can be

optimized for a given set of fluid parameters, and. costs.

This section presents a method for calculating the pipe dia-

meter which yields the minimum life cycle cost of a pipe-line for a
J

given set of parameters.  A central consideration in the development of

this method was that the optimum diameter should reflect the cost of

energy required for pumping the fluid.  In addition, this method is

quite general, and encompasses a wide range of fluid parameters, and

operating conditions, since most of the methods for computing the opti-

mum diameter found in the literature were restricted to
(1,2,3,4.5)

either specific flow regimes, narrow ranges of viscosities, operating

temperatures, pressures, or piping materials.  The significant parameters

for computing the optimum economic diameter are:  mass flow rate, fluid

viscosity, fluid density, operating pressure, operating temperature,

cost of electricity, cost of labor, return on investment, project life,

percent utilization, piping material costs, and pump and motor efficiency.
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Since the economics are based on a per unit, length basis, the length of

the piping is not in the list of parameters.

A closed form solution for the optimum economic diameter is

derived and has been correlated with a software program which c
omputes

the optimum diameter as a function of the parameters above.  Optimum

pipe diameters for a range of parameters were compared w
ith diameters

c6mputed from a well-known relation'developed by DuPont.
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DEVELOPMENT OF THE METHOD FOR COMPUTING THE OPTIMUM DIAMETER

To find the optimum diameter, it is first necessary to deter-..

mine how much capital investment in increased pipe cost is justified to

save a unit of power.  Using the internal rate of return analysis (or

discounted cash flow method),  the  sum of the present values  of all  cash
flows associated with a given project plus the salvage value, is equal

to the initial capital investment.  This can be expressed as:

N

Fa  CF
C= 5  n (1 )

f' (1 + i)n
n=l

where:

C = capital investment, $/KW

i = rate of return, fractional

N = economic life, years

CFn = net cash flow for
any year, n, $/KW.

1

The factor transforms each cash flow to its value at time zero.(1 + i)n

The net cash flow for year n is defined as the savings resulting from a

reduction in purchased electricity minus the operation and maintenance

costs.  This is expressed as:

CFn     CEn  -  COn  -  CMn                      (2)

where:

CFn = net cash flow for year n, $/KW
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CEn = cost of electricity saved for year n, $/KW

COn = operating costs for year n, $/KW

CMn = maintenance costs for year n, $/KW

The cost of electricity saved for year n is:

CEn = CE  x  U .x.,8760 , .

where:

CE = cost of electricity, $/KW-hr

U = period of operation per year, fractional

We assume that the cash flows are uniform, so (1) can be written using

the present worth factor,  PW:

C = PW(CEn  -  COn  -  CMn)                       (3)

It is assumed that the difference in operation and maintenance costs for

an incremental change in diameter are negligible, and there is no salvage

value.  Therefore, (3) becomes:

C = PW(CEn)                                       (4)

This relation is illustrated in Figure 1.

Once the justified capital investment is determined for any

given operating life, return on investment, price of electrici
ty, and

utilization factor, the optimum diameter is that diameter where the ratio

of the incremental pipe cost to the incremental power lost d
ue to friction
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equals the amount of capital investment justifie
d to save a unit of power.

Mathematically,

APc    3Pc        3Pf

C= AD     +     -  AD               
                                 

          (5)

APf    30         30

where:

3P                                               
       '

-c AD  is the incremental pipe cost, APc ($/Ft)

3D

3P
f AD  is the incremental power loss, APf (KW/Ft)

3D

C is the capital investment justified to save a u
nit of power,

($/KW)

The above expressions are illustrated graphically
 in Figures

2 and 3.  Figure 2 depicts pumping power  and pip
e cost as a function

of diameter.  Note that the pumping power decreas
es inversely to the

fifth power of the diameter, whereas, the pipe co
st increases linearly

with diameter.  The ratio of incremental pipe cos
t to incremental pumping

power is the capital investment justified to, save a unit of power.  A

plot of the ratio of incremental pipe cost to inc
remental power consump-

tion versus diameter for a flow of 6,000 gallons 
per minute of water is

shown in Figure 3.  If $100.00 can be invested t
o save a kilowatt, it

can be seen that the optimum economic diameter i
s 14.5 inches, while if

C = 1000 $/KW can be invested, the optimum diamet
er is 21 inches.

From the derivation given in Appendix A, the closed form

expression relating the significant variable to 
the optimum diameter is:
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D/Do = alY
a2

where:

-13 3 2
y = 2.63 x 10

Cfw /EC bp                             (6)

and,

C is the capital cost to save a unit of power, $/KW

f is the friction factor, dimensionless

W is the mass flow rate, 1 bm/hr

C  is the pipe cost coefficient, $/ft-in2

b relates allowable stress to temperature, dimensionless

p is the fluid density, 1bm/ft
3

E is the combined pump  and motor efficiency, fractional

Do is the unit diameter, one in.

The complete derivation of y is given in Appendix A.

To compute the constants al and a2' a least squares linear

regression of y on D/DQ was performed.  The values of D/D  were computed

by a software program with the inputs of:

1.  mass flow rate

2.  fluid viscosity

3.  fluid density

4.  operating pressure

5.  cost of labor

6.  capital investment to save a unit of power

7.  piping material

8.  pump and motor efficiency.
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The program begins at an initial diameter of .5 inches and increments

upwards in standard diameters, computing the incremental pipe cost and

power consumed in going  from  one
  diameter  to  the next. When the ratio

of  incremental   pipe  cost  to   incremental power consumption is equal   to

the inputted capital cost to save a unit of power, the optimum diameter

is found.  A listing of the software program is given in Appendix C.

For the values of parameters in Table 1, 275 optimum diameters

were computed by the software program, and the least squares linear   

regression yielded the constants:

al    =2.4

82 = .179

giving the expression:

D/Do = 2.4 y
179                                (7)

The correlation coefficient for the 275 diameters is r = :94

y versus D/D( is presented in Figure 4.
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TABLE 1
-1

PARAMETER INPUTS FOR COMPUTER RUNS

RUN 1.                               RUN 2

Carbon Steel Carbon Steel

p = .075 1 bm/ft3 p = 62.5 1 bm/ft3

T = 300°F T = 300°F

P = 500 Psi P = 500 psi

u = .02 cp w = 1.0 Cp

W =  1000 1 bm/hr                    W = 10,000 1 bm/hr

10,000 1 bm/hr                           1 5,000 1 bm/ h r

15,000 1 bm/hr 30,000 1 bm/hr

30,000 1 bm/hr 60,000 1 bm/hr

60,000 1 bm/hr 120,000. lbm/hr

C =  100 $/KW (.0025 $/KW-hr)* 250,000 1 bm/hr

500 (.0126) 500,000 1 bm/hr

1000 (.0253) 750,000 1 bm/hr

1500    ( ..0379) 1,000,000 1 bm/hr

2000 (.0505) 3,000,000 1 bm/hr

CL = 13.00 $/MH 4,500,000 1 bm/hr

E = .7 C =  100

500

1000

1500

2000

C  = 13.00
L

E = .7
*

* For the computer runs, C is related to $/KW-hr by equation (4), with 12%
return on investment over a 10-year operating life, and .8 utilization
factor.
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TABLE 1 (cont.)

RUN 3
1

RUN 4 RUN 5 RUN 6

Carbon Steel· Catbon Steel 304L S.S. Carbon Steel

p = 62.5 1 bm/fta p  =' 62..5   1 bm/ft3 p= 62 . 5 1 bm/ft3 .   .  p= 62.5 1 bm/ ft3

T = 300°F T'= 300°F T = 300°F T = 700°F

P = 500 Psi P- =   500   Ps i P = 500 Psi P = 1000 psi

u = 100 cp u = 1000 cp u=l cp 11 = 1 cp

W = same as W =.same as W = same as W = same as
Run 2 Run 2 Run 2 Run 2

C = same as C = same as             C = same as C '= same as
Run 2 Run 2 Run 2 Run 2

E = .7 · · E = .7 E = .7 E = .7

6
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ASSUMPTIONS AND LIMITATIONS

The method for determining the optimum economic diameter is

subject to the following assumptions and limitations.

1.  The method appliev to Newtonian fluids (including

incompres4ible flow of gases).

2.  The upper limits for combinations of operating        ·,

temperatures and pressures are: 700°F and 1800 psi

for A53 Gr. B carbon steel, and 1000°F and 2000 psi

for 304 L S.S. and 316 L S.S.

3.  The material and labor costs for the three piping

materials were based on data from Richardson, Process

Plant Construction Estimating Standards 1977-1978

(6)Edition   , and a least squares correlation relating

material and labor costs as a function of pipe weight

per foot is used in the software program for computing

the optimum diameter.  Figures 5 and 6 show material

cost and labor cost versus weight per foot of pipe.

4.  Although the software program computes the optimum

economic diameter for straight runs of pipe, the method,

is not limited to this.  To account for the material   '

and labor cost of fittings and valves, a pipe cost

constant, C  is computed.  The computation of C  is

detailed in the section:  Procedure for Calculating the

Optimum Diameter.
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t.

5.  When sizing pipe, it is common practice to antici-

pate an increase in friction factor over the life of  '

the pipe.  To account for this the friction factor

is mul tiplied  by some constant.     In the software  pro-   *

gram the friction factor is multiplied by 2, which

corresponds to a value of C = 100, in the familiar

William-Hazen formula for friction loss. This value

of C if often used for design purposes, however, any
,,

value  of  f  can  be  used  in the. method presented  here.

6.  Diameters to a maximum of thirty inches can be com-

puted using this method.          '

AIL-

*



II-22

EFFECT OF INFLATION ON,THE OPTIMUM DIAMETER

By examining equation (6), it can be seen that the effect of

inflation over the operative life of the pipe line would be to increase

the cost of electricity, hence the capital investment to save a unit of

power, C, would increase, as would the pipe cost  coefficient, C , leaving

the optimum diameter unchanged.

If the cost of electricity changes at  a rate different  than  the

material cost, the diameter would be affected as the ratio of the change

in capital investment to the change in pipe cost to the .179 power.

4
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PROCEDURE FOR CALCULATING THE OPTIMUM DIAMETER

For the parameters:

1.  mass flow rate, W  1 bm/hr

2. fluid viscosity, w cp
- ' .

3.  fluid density, p  1 bm/ft3

4.  operating pressure, P  psi

5.  operating temperature, T  °F

6.  cost of electricity, CE  $/KW-hr

7.  return on investment, €: fractional

8.  project life, N years

9.  utilization factor, U  fractional

10.  piping material costs, C   $/Ft-in2

11.  pump and motor efficiency, E  fractional

Steps one through six outline the procedure for calculating

the optimum diameter, using the relation:

D/Do = 2.4 y'                                     (7)
179

Step One:  The capital inOestment justified to save a unit of

p6wer is calculated from equation (4), which is:

C=P W  x  CE  x  U  x  8760                     (4)

Step Two:  The quantity,

b = P(2(S  -  .6P)  +  P)/(S  -  .6P)            (8)
2

is computed where,
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S is the allowable stress at the operating temperature, psi

P is the operating pressure, psi

This equation relates the maximum allowable stress of a given piping

material to the operating temperature.  Tables excerpted from the ASME

pressure vessel code giving allowable stresses versus temperature for

various materials are listed on pp. 6-38 to 6'-41 of Perry(1)

Step Three:  The pipe cost coefficient, C , is now computed.
P

This coefficient depends on: (1) the piping material cost, (2) the number

and cost of the various fittings and valves, and (3) the labor cost to

install the pipe and all the fittings.  For the commonly used piping

materials, carbon steel, 304L S.S. and 316L S.S.,C  is givdn as:
C  = .118X + .084 C Y for carbon steel            (9)
P                          L

C  = .208X + .162 C Y for 304L S.S. , (10)
P                        L

C  = .266X + .162 C Y for 316L S.S. (11)
P                        L

where:

X is the material cost per foot of 12-inch, 3/8" thi ekness

carbon steel pipe, including the cost of fittings and valves.

For 304L S.S. and 316L S.S. use 12-inch schedule lOS pipe.

Y is the man hours per foot to install the above 12-inch diameter

pipe, including fittings and valves.

CL
is the·cost of labor, $/mlr

To compute X and Y, the fittings and valves in a run of pipe to be opti-

mized are converted to the reference diameter of 12 inches.  An estimating

(6)
guide such as Richardson , can be used to determine the material and
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labor costs for the various valves and fittings, all converted to the

reference diameter of 12 inches.

Step Four:  For materials other than carbon steel, 304L S.S.

or 316L S.S., if material costs can be expressed as a multiple of carbon

steel costs, it is only necessary"to multiply X by this multiple.  Simi-

larly for Y.  If the pipe cost is hot a direct multiple of carbon steel

costs in order to compute C , it is necessary to express the pipe cost

in the form:

pc = Bwtn  +  CL(Gwt  + d) (12)

where:

Pc is the material and labor cost per foot for erecting straight

pipe without fittings or valves.

wt is the pipe weight, 1 bm/ft

From a least squares correlation, B, n, G and d can be determined.  B can

be expressed as:

B=CJ or
Cm = 8/Jm

where:

(& is the material Gost coefficient, Ft/lb

J   is the material  cost .per foot, for a straight run of 12-inch

pipe of the desired material and schedule,.exclusive of any

fittings or valves.

Similarly:

G = Fk or F = G/k

/
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where:

F is the labor cost coefficient, ft/lb

k is the manhours per foot to erect the 12-inch pipe above,

exclusive of any fittingsor valyes.  „

From the derivation given in Appendix A, we have the result:

C  =n C C X + 2 C F C Y (13)
P m 2 L  2

where:

X is the material cost per foot of the 12-inch pipe including

all fittings and valves.

Y is the manhours per foot to erect the above pipe fittings

and valves.

n is the exponent given in equation (12)

(2 is the specific weight of the pipe, lb/ft-in2

CL is the labor rate, $/mh.

Step Five:  The effect.of additional, head loss due to fittings

and valves (over 100 feet of straight pipe) is accounted for by computing

an "equivalent" friction factor, f', to be used in equation (6)

f' = 2f(1  +  Le/100)                               (14)

where:

f is the friction factor from the moody chart for a given Rey-

nolds number and pipe diameter

Le is the equivalent length in feet of pipe due to fitting and

valve head loss only.

-r
..
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The factor of 2 was discussed under the section, Assumptions and Limita-

tions, and is used to anticipate increasing friction factor with pipe

aging.

Step Six:  All the ·parameters needed to compute D/Do = 2.4 y
.179

are known at this stage with the exception of f'.  Since f' = f(NRE' e/D)

for turbulent flow, D/DQ cannot be calculated explicitly.  Therefore,

it is necessary to assume an initial diameter.  From this diameter, N
RE

is calculated, and f is found from the Moody chart.  Le can also be com-

puted, since Le/D is known from the various fittings and valves.  Conse-

quently, f' can be calculated from Step Four.  D/D  can now be computed.

Using this value of D, f and Le are again found, and a new f' is calcu-

lated as before.  This f' is substituted into Equation (6), and new D is
.·

calculated.  From thls D, the above process is repeated once more, with

the resulting D  being the optimum diameter.  At the most, three calcula-

tions of D will be required before the solution converges within i 3% of

the optimum diameter.

Following the procedure outlined above, a numerical example is

given in the -following section.

1

-«... ..4
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CALCULATION OF THE OPTIMUM.DIAMETER - AN EXAMPLE

Find the optimum economic diameter given the following parameters:

-1.  mass flow, W = 750,000 1 bm/hr

2.  fluid density, p = 62.5 1 bm/ft3

3.  fluid viscosity, W = 100 cp

4.  operating temperature, T = 300°F

5.  operating pressure, P = 300 psi

6.  pump and motor efficiency, E = .7

7. utilization. factor, U = .8

8.  cost of electricity, CE = .038 $/KW-hr·

9.  return on investment, i = .12

10.  operating life of 10 years

11.  cost of labor, CL = 13.55 $/hr

12.  A53 Gr B carbon steel piping with the following fittings:

5 -.90° ELS, 2 - T's, 2 gate valves (fully open),

5 field butt-welds per 100 foot of pipe

Step One:  The capital investment is calculated from Equation (4)

C= PW(CE  x  U  x  8760)

= 5.65(.038  x  .8  x  8760)

= 1505 $/KW

Step Two:  The coefficient relating allowable stress to tempera-

(1 )
ture is calculated, with information from pp. 6-38 to 6-41 of Perry
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z   b = P(2(S  -  .6P) + P)/(S  -  .6P)2

= 300(2(18,150  -  .6(300)  +  300)/(18,150  -  .6(300)2)

= .034

Step Three:  The pipe cost coefficient is calculated.  The fol-

lowing table is constructed for the 12-inch, 3/8-inch wail thickness

reference pipe, based on data from Richardson(6).

Item Quan. Material Cost Man Hours Req'd Le/D

90° ELS           5        5 x 86.00 = 430.00 5 x 10.6 = 53 150

T'S            2        2 x 149.00 = 248.00 2 x 10.6 = 21.2          40

300#Gate          2        2 x 3119.00 = 6238.00 2 x 5=1 0                20
Valves

Pipe 100 ft. 1523.00 68.6

Field Welds       5                                    5 x 11.1 = 55.5

TOTALS 8489.00 208.3 210

Therefore,

X = 8489/100 = 84.9 $/ft

and,

Y = 208.3/100 = 2.08 mh/ft

From Equation (9),

C  = .118X  +  .084C Y'
p. '                      L

= .118(84.9)  +  .084(13.55)(2.08)

= 12.38
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Steps Five and Six:  Calculation of f' and D.  Assuming an ini-

tial diameter of 6 inches yields;

NRE = 6.32 W/UD = 6.32(75,000)/(100)(6)

= 7,900,

and from the Moody chart, f = .034.  Therefore,

Le = (210)(.5) = 105 and from equation (14)

f' = 2f(1  +  Le/100) = 2(.034)(1  +  105/100)

= .139

From equation (6),

y = 2.63 x 10-13 Cf'w3/EC bp2
P

= 2.63 x 10 (1505)(.139)(750,000)3/(.7)(12.38)(.034)(62.5)2
-13

= 2.0 x 104

Therefore,

D/Do = 2.4 y
.1.79

= 2.4 (2.0 x 104).179

= 14.14

The Reynolds number is now recalculated.

N   = 6.32(750,000)/(100)(14.14)RE

= 3352

and from the Moody Chart,

f = .042
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Le = (210)(1.17) = 247.5

f' = (2)(.042)(1  +  247.5/100)

= .292

Therefore,

13y = (2.63 x 10-  )(1505)(.292)(750,000)3/(.7)(12.38)(.034)(62.5)2

= 4.24 x 104

and,

0/Do = 2.4(4.24 x 104)
179

= 16.3

Recalculating the Reynolds number once again,

N   = 2926
RE

and,

f = .0425

Le = 285.3

f' = .326

y = 4.73 x 104

0/Do = 16.5

This is the optimum diameter.
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CONCLUSION

The method developed  here for detebmining the optimum diameter

was compared with a relation developed by DuPont cited in Perry(1  for
'...., . » ' : · ..4:

the range of parameters listed in computer runs one through three of

Table 1.  DuPont's equation and the assumptions made in the comparison

are  gi ven in Appendix  B. The software program computed the percent  di f-
D-D

ference in diameter (where % AD =
T DuPont

x 100%) for 135 diameters,
DDupont

and the results are summarized in Table 2.  For each mass flow range of

1,000 - 60,000 1 bm/hr listed in Table 2, five diameters were compared,

and for each mass flow range of 10,000 - 4,500,000 1 bm/hr, eleven dia-

meters were compared.  From Table 2 it can be seen that the mean absolute

percent difference in diameters between the two methods is less than 19%,

wi th the method presented here yielding larger diameters  than the DuPont

relation, for diameters over four inches.  A 19% increase in diameter

represents a decrease of 58% in the pumping power required to overcome

friction losses.

The method for computing the optimum diameter is straight for-

ward, and encompasses a wide range of parameters with an emphasis on the

cost of energy, as evidenced by the larger diameters produced, relative

to another accepted method.



II-33

TABLE 2

DIAMETER COMPARISON BETWEEN DUPONT RELATION

AND DIAMETER CALCULATED FROM·GAMMA

                                                                          Mean
Mass flow Densitx Viscosi'ty Energy Cost Max Absolute

(lbm/hr) (lbm/ftB)  „ , 2
(cp) ($/KW-hr). %80 %AD

1,000 - 60,000 . · ..075  ., .02 .0025 - 11.1 6.8

.0126           27           17.8

.0253           29           15.7

.0379           23           12.3

.0505           19           10.6
9   V   7

10,000 - 4.5 MM 62.5 1.J .0025           19            8.7

.0126           37           11.4

.0253 28.7 14.4

.0379 ' 21.8 11.5

.0505           43           14.2
9

100 .0025 22.8 10.5

.0126           35        ,  18.8

.0253           37           17.6

.0379 28.5 12.8

1             7                               .0505           23           11.6
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APPENDIX A

Deri vati on · of Gamma  ,

The. head loss.due to friction of fluid flowing in a closed
. ,:':· ..'. ............ ./ , ..':,

conduit is given by the D' Arcy-Weisbach Equation'as:

2..L . Vh=f t-1-
L         '  Di'  29                                                                        (1)

In terms of pressure drop per unit length of pipe:

P 2
i       =   p            11_                  ·                                                                                    (i)

L     1 =2901 '

where,

Pl    =   LB f/Ft2.-   Ft

For laminar flow,

f = 64/N              '                           (3)RE

and for transition and turbulent flow, the empirical relation,

1

  = - 210910 (7/ N       3.70   
2.5

RE         1

will be used.

The power dissipated as a result of friction loss per unit

length is:
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P
f                                         (5)

 f = -2- = PVA

The power input for a.combined pump and motor.efficiency, E, in terms

of W and  D  is:: .

Cl fw3.P=
(6)f  52

E D p g .2..

As a basis for piping costs, Richardson Process Plant Construction

Estimating Standards 1977-1978 was used.  Using a least squares linear

regression, the following correlation was obtained:

Pc = cmxwtn  +  CL(F¥wt  +  d)                   (7)

where,

Cm = .0228, n = .974, F = .01573, d = .268 (for carbon steel)

Cm = .0375, n = 1.04, F = .0303, d = .188  (for 304L S..S.)

Cm = .048, n = 1.04, F = .0303, d = .188   (for 316L S.S.)

wt = lb/ft

X = $/ft, material cost per foot of 12-inch, 3/8" wall thick-

ness carbon steel pipe.  Includes cost of pipe, fittings,

and valves.  For 304L S.S. and 316L S.S. use 12-inch SCH.

1OS pipe.

Y = mh/ft, manhours to install 12-inch, 3/4" wall thickness

carbon steel pipe, including all fittings  and valves.  For

304L S.S. and 316L S.S. use 12-inch, SCHl.OS pipe.

CL  =  $/mir,cost of labor.
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The pipe  cost is a function of weight per length for a given

material.  This in turn is a function of operating pressure and tempera-

ture (uoless ·special considerations require extra ·wall  thickness for
abrasion, for example).  With no allowance for corrosion, the Wall th'ick-

ness as a function of temperature and pressure is given by the ASME pres-

sure vessel code formula for seamless pipes as:

tm = PDa/2(.S + .4P)                                           (8)

or in terms of inside diameter, D, this can be expressed as:

tm = PD/2(s - .6P).                               (9)

Since,

wt = c2(002 - D2) (10)

and,

D =D+2 t. (11)om

We can combine these expressions, and the weight per length can be ex-

pressed as:

Wt =
C2D2b (12)

where,

b.=..P(2(S -'.6P) + P)/(S - .6P)2. (13)

Using the case of carbon steel as an example, and substituting (12) into

(7)   we have:
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Fc = cmX ((202b).974 + CL(FY(2D2b +
d) (14)

Computing the incremental pipe cost for a AD.yields:

o dPr 974 : 948
AP- = -1 AD = (1.948Cm x (C2b) x D'    + 2CLFY(206)80     (15)L   dD

where,

 Pc = $/ft.

The incremental change in the power required for this AD is:

dp                  6Clfw2f
APf 6 1 Y- AD = -   6 2  AD . (16)

ED p g

Therefore,

AP'. dp- dD  1
C =_1 =_. aD x --

apf   dD      dp  ADf

62 974 948
ED p 9(1.948CM x (C2b)

x D.
+ 2CLFYC2Db)          (17)

6Clfw3

Making the approximation:

DbC  & Db(1.948CM x (2 + 2CLFY(2)
(18)

or,

C  = (1.948(M x (2 + 2CLFY(2).
(19)

For carbon steel this becomes:

C  = .118X + .084C Y (20)PL
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\

For 304L S.S. this is:

C  = .208X + .162C Y     '                       (21)PL

and for 316L S.S. this is:

C  = .266X + .162C Y (22)PL

We can simplify (17) so that:

Apc
C  = Er =  -  ECpp2b079/6Clfw3 . (23)

f

For any given investment cost to save a unit of power, C ($/kw), the

optimum diameter is:

D =
(C6Clfw3/EC b992)1/7 (24)

Dividing by the unit diameter D , inches,

D/Do = (C6Clfw3/07EC bgp2)1/7 (25)

Let:

C  = 3.83 x 10 in-/ft- · hr3/sec3
-11   5   5

6

· kw-sec/ft-lbf 6Cl/ECpg (26)

or:

-13

(6 = 2.63 x 10   /EC  , kw-hr3-in7/$-lbm-ft6    (27)

Therefore,

D = f(C,f,b,w3,p2,E,(6) (28)
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We define gamma as:

y = 2.63 x 10 Cfw /EC bp , (29)
-13 3 2

P

which is the quantity relating the significant parameters to the optimum

economic diameter.  The parameter groups in Table 1 were inputted to the

software program, and each combination of parameters yielded an optimum

diameter, and a corresponding y.  A least squares linear regression of

y on D/Do yields:

D/D  = 2.4 y (30)
179

0

with a correlation coefficient r = .94.
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NOMENCLATURE

2
hL = head loss, ft

C2 = 2.667 1 bm/ft-in

V = velocity, ft/sec wt - pipe weight, 1 bm/ft.:

L = ft                                       b = dimensionless

Pl = Lbf/ft2-ft Apc.= $/ft

Dl m diameter, ft AP  = 1 bf/secf
e = relative rougness, ft C = $/kw

A = area, ft2                                            2C  = $/ft-in
P

g = 32.14 ft-lbm/sec2-lbf y = dimensionless

p = density, 1 bm/ft3 E = pump and motor efficiency,
fractional, dimensionlessf = friction factor, dlmensionless

X = material cost, $/ft
N   = reynolds number, dlmensionlessre

Y = labor, mh/ft
Cl = scale factor, dimensionless

w = mass flow rate, lb/hr
Pf = Power per unit length, .lbf/sec

Pc = Pipe cost, $/ft

CL = labor cost, $/mh

CM = material cost coefficient, ft/lb

F = labor cost coefficient, ft/lb

n = cost exponent, dimensionless

d = cost constant, mh/ft

Do = unit diameter, one in.

P = operating pressure, psi

S = allowable stress, psi

tm = wall thickness, in.

D = inside diameter, in.

U = fractional operation time per year,
dimensionless
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APPENDIX B

DuPont Co. Optimum Diameter Relation

The parameters .indicated in runs 1 through 3 of Table 1 were

inputted to the DuPont formula below, and the diameters calculated(1)

were compared with the diameters calculated from the y correlation.  The

resul ts of these comparisons are summarized in Table  2.

Both relations computed the optimum diameter for a straight

run of schedule 40 carbon steel pipe which included five field butt-welds

per hundred feet.  The comparison of the two methods was made on a common

basis with the parameters below assigned to the DuP6nt formula, and where

applicable, to the y correlation.'

The formula of DuPont which is based on return on incremental

investment is given as:

4.84 + n
D       /(1 + .794L eD)

.000189,YKq2.84p.84U.16 <(1 + M)(L - $) +   ZM    
a'+b' j

=                                                    (1)

n X E(1 + F)(Z + (a + b)(1 - 0))

where:

D = economic pipe diameter, ft                       i

n = exponent in pipe·cost equation (C = XDn)

C = cost of pipe, $/ft

X = cost of 1 ft, of 1 ft..diameter pipe

L   = factor for friction in fittings, in pipe diameters·per

unit length of pipe
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M = (a' + b')EP/(17.9KY)  ratio of annual cost of pumping

installation to annual cost of power delivered to the fluid,

dimensionless

E = Combined pump and motor efficiency, dimensionless

P = installed cost of pump and motor, $/Hp

K = cost of power delivered to the motor, $/kw-hr

Y = days of operation per year (24 hr days)

0 = factor for taxes, dimensionless

Z = fractional annual rate of return on investment, dimensionless

F = ratio of cost of fittings plus installation cost of fittings

and pipe to pipe material cost, dimensionless

a' = fractional annual depreciation on pumping installation,

dimensionless

b' = fractional annual maintenance on pumping installation,

dimensionless

a = fractional annual depreciation on pipe line, dimensionless

b = fractional annual maintenance on pipe line, dimensionless

q   =   vo.lumetri c   flow  rate,   ft3/sec

P = fluid density, 1 bm/ft3

u = fluid viscosity, cp

The  val ues assigned  to the parameters  are:

n = 1.256 Y = 292

X = 14.1 $ = .55

L =0 Z = .12e

E = .7 . a' + b' = .4

p = 150
' a+b= .2
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Using a least squares correlation, the following relations

were derived for material and labor costs of schedule 40 carbon steel

pipe based on data from Richardson(6).

Material cost, $/ft = 14.1 D
1 256

of  i f'  D i s i n i nches,
1 256

$/ft = .62 D '

also,

Labor cost, $/ft - 1.22 D
78

78
assuming labor cost = $13.00/mhr and welding  cost,  $/ft =  1.08 D

The above expressions are combined to form an expression for

1 + F which is,

- 4761+F=1+3.7 1 D'    where,Disin.
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APPENDIX C

SOFTWARE PROGRAM LISTING

C._PROGRAM..EOR_ OP-TIMIZING. PIPE _SIZE..FOR_ ANY.-NEWTONIAN .FLUID
C
C

_C ....._...__ROBERT KRAMEK
C       DEPARTMENT OF MECHANICAL ENGINEERING
C       CARNEGIE-MELLON UNIVERSITY
C   .......PITTSBURGH PENNSYLVANIA
C
C

REAL NRE, KNEW,KOLD, LAMBDA, MU,KWHR. .  ........ .......,.._. ..... ....... ..
DIMENSION DNOM(30), DOUT(30),. TMSTL(30), TMSS(30), CKI(15),
2 P(10), T(10), Q(30), RHO(10), MU(10), DS(10), C(10),
3 RHOS(10), CLABOR(10)

C NOMINAL DIAMETERS FOR STANDARD PIPE SIZES ARE:
115 DNOM(1)=.5

DNOM(2)=.75
DNOM(3)=1.0
DNOM(4)=1.25

--_-----DNOM (5) =1.5
DNOM(6)=2.0
DNOM(7)=2.5

.----.DNOM (8) =3.0 -  -       . -    1-   .-

DNOM(9)=3.5
DNOM(10)=4.

._.._..-..DNOM (1 1) =5.
DNOM(12)=6.
DNOM(13)=8.

.......-..  .  -    DNOM(14)=10.                .....    ......-._-_......_---_......__._.__..._..........  .....
DNOM(15)=12.
DNOM(16)=14.

--.-.-_.-DNOM(17)=16.            .._..._..._
DNOM(18)=18.
DNOM(19)=20.

....     ..            DNOM (20)=24.
DNOM(21)=30.

C OUTSIDE DIAMETERS ARE,AS FOLLOWS
.-_........._-   DOUT (1) = .8 4 0

DOUT(2)=1.05
DOUT(3)=1.315
DOUT (4)=1.66             --.
DOUT(5)=1.9
DOUT(6)=2.375
DOUT(7)=2.875
DOUT(8)=3.5
DOUT(9)=4.

. ..._..  DOUT(10)=4.5
DOUT(11)=5.56
DOUT(12)=6.625
DOUT(13)=8.625
DOUT(14)=10.75
DOUT(15)=12 .75

.. DOUT<16)=14.
DOUT(17)=16.
DOUT(18)=18.
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DOUT(19)=20.
DOUT(20)=24.
DOUT(21)=30.

C SCHEDULE 40 WALL THICKNESSES
TMSTL(1)=.109
TMSTL(2)=.113
TMSTL(3)9•133
TMSTL(4)=.14
TMSTL(5)=.145
TMSTL(6)=.154
TMSTL(7)=.203
TMSTL(8)=.216
TMSTL(9)=.226.
TMSTL(10)=.237
TMSTL(11)=.258

.-TMSTL (1 2) = .2 8
TMSTL(13)=.322
TMSTL(14)=.365
IMSTL(15)=.375
TMSTL(16)= .375
TMSTL(17)=.375
TMSTL(18)=.375
TMSTL(19)= .375
TMSTL(20)=.375

---------:-   ..TMSTL(21)=.375 .........--,

C THICKNESSESS FOR SS TO BE SCH 10
TMSS(1)=.065

------  -TMSS(2)=.065                 - -         - ·     ·---·--··-·           -·        -  -·-----··-·   -···-   ··-
TMSS(3)=.065
TMSS(4)=.065
TMSS(5)=.065          -...                                                                  ------·······  · -
TMSS(6)=.065
TMSS(7)=.083

---  :-.---..TMSS (8) = .0 8 3
TMSS(9)=.083
TMSS(10)=.083

-TMSS (1 1) = .1 0 9
TMSS(12)=.109
TMSS(13)=.109

---.--.---.TMSS(14)=.134     -- ... ---
TMSS(15)=.156
TMSS(16)=.156

----....---   TMSS (1 7) = .1 6 5
TMSS(18)=.175
TMSS(19)=.188

........TMSS (20)=.218
TMSS(21)=.250

C THE VALUES FOR PARAMETERS TO BE USED IN DO LOOPS ARE:
. - - - ·T(1) =0.

T(2)=100.
T(3)=300.
T(4)=500.
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T(5)=700.
T(6)=900.

._.....--___. T.(7)=1000.
T(8)=1300.
T(9)=1500.

..__....._.._P(1)=0.
P(2)=500.
P(3)=1000.
P(4)=1500.I--.--

P(5)=1800.
P(6)=2000.
P(7)=2500.
P(8)=3000.
CLABOR(1)=2.
CLABOR(2)=8.
CLABOR(3)=13.
CLABOR(4)=20.
CLABOR(5)=50.
CKI(1)=2.
CKI(2)=100.
CKI (3)=500.                  -    . _ _ _ .                   . . _ _
CKI(4)=1000.
CKI(5)=1500.
CKI(6)=2000.
Q(1)=1000.
Q(2)=5000.
0(3)=10000.
Q(4)=15000.
Q(5)=30000.
Q(6)=60000.
Q(7)=120000.
0(8)=250000.
Q(9)=500000.--. 1- -...........i--

Q(10)=750000.
Q(11)=1000000.
Q(12)=3000000.
Q(13)=4500000.
MU<1)=.005
MU(2)=.01
MU(3)=.02
MU(4)=.05

...MU (5) =1.0          . .       __..      ...
MU(6)=5.
MU(7)=20.
MU(8)=100.
MU(9)=1000.
RHO(1)=.02
RHO (2) = .0 7 5
RHO(3)=.09
RHO(4)=40.
RHO(5)=62.5    ...._....._ _.._....
RHO(6)=80.

C DO LOOP INDEXES FOR INPUTTED FLOW PARAMETERS ARE:
C THE TEMPERATURE INDEXES ARE:.

NT=2
NTF=2
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. NTINC=1
C THE PRESSURE INDEXES ARE:

NP=2
NPF=2
NPINC=2

C THE LABOR RATE INDEXES ARE:
NL=3
NLF=3
NLINC=1

C -THE  INVESTMENT COST INDEXES ARE:
NK=3
NKF=6
NKINC=1

C THE MASS FLOW RATE INDEXES ARE:
NQ=3
NQF=13 ..

NQINC=1
C THE VISCOSITY INDEXES ARE:

NMU=5
NMUF=5
NMUINC=1

C THE FLUID DENSITY INDEXES ARE:
NR=5
NRF=5

._..__....._- NRINC=1         ... ..._......_....                                              .,.,_._
TYPE 876

C THE DO LOOPS CALCULATE THE COMBINATIONS OF THE VARIOUS
_C FLUID PARAMETERS AND OPERATING CONDITIONS  ..    .........----  .........

DO 877 INDl=NT,NTF,NTINC
DO 877 IND2=NP, NPF, NPINC

.____..__._DO..877 IND3=NL,.NLF, NLINC
DO 877 IND4=NK, NKF, NKINC
DO 877 INDS=NQ, NQF, NQINC
DO 877 IND6=NMU, NMUF, NMUINC
DO 877 IND7=NR, NRF, NRINC
EFF=.5

C..THE PIPE COST COEFFICIENT IS CS····                      ---··
C5=3.25
INDEX=1

,--  ERRNEW=O.
TM=.1
KWOLD=9.9E+09
PCOLD=PCNEW
SIGMA=O,
HLOSS 1=9.9E+09

C FOR C.S. FLAG2=1, FOR 304LS.S. FLAG2=2, FOR 316L S.S. FLAG2=3
FLAG2=1

C THE REYNOLDS NUMBER IS CALCULATED
- 1.0 -......IF (INDEX.GT.21) GO TO 951 ...-... -Il .....'=......

ERROLD=ERRNEW
12     D=DOUT(INDEX)-2.0*TM

V=.16*0( INDS)/(RHO( INDZ)*3.1416*D**2)
14    NRE=124.*D*V*RHO(IND/)/MU(IND6)

IF.(NRE.LT.2100) GO TO 31
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-C.FRICTION FACTOR  FOR - TURBULENT  FLOW
RELR=.0018/D
Fr2= 1

..---FW=.1
20 A=1/FW**.5

B=-2*ALOG10(2.51*A/NRE+RELR/3.7)
ERROR2=ABS(A)-ABS(B)
IF (ERROR2.LT.0) GO TO 21
IF (ERROR2.LT.0.04) GO TO 55
FW=FW+.0001
GO TO 20

21 FW=FW-.0001
TT2=IT2+1
IF(IT2.EQ.3000) GO TO 951
GO TO 20

C STOKES LAW FOR LAMINAR FLOW -.-  .....- --I

31     FW=64/NRE
55 F=2*FW

-C .THE HEAD LOSS AND PUMPING POWER IS COMF'UTED ASSUMING A PUMP MOTOR EFI
C ICIENCY OF E
40 HLOSS=.1295*F*RHO(IND7)*V**2/D
1022. FORMAT (' FRICTION FACTOR IS:',F6.4)          .......___.........

PPOW=(5.71 E-05/EFF)*Q(INDS)*HLOSS/RHO(IND7)
KWNEW=PPOW
DELTKW=KWOLD-KWNEW
KWOLD=KWNEW
GO TO (81,82,83), FLAG2

C. ALLOWABLE PIPE STRESSES COMPUTED BY LEAST SQUARES FIT FROM
C ASME PRESSURE VESSEL CODE. FOR CARBON STEEL PIPING:
81     IF(T(INDl).GT.1100) TYPE 98, T(INDl>
..____,_..IF..(T(INT,1).GT.900)    GO   TO   84         ........,....._,_..._........,.___,_.....___:.......

IF (T(INDl).GE.750) GO TO 89
IF (T(INDl).GE.600) GO TO 86

...IF (T(INDI).GE.100) GO TO 87   .............__.....__.-__..__......_
IF (T(INDl).LT.100) T(INDl)=100*
GO TO 87

..84_ .... S=8.95E31/T (INDl>**9.52        .  ._...._. __..........____....
GO TO 80

89 S=8.38E14/T(INDI)**3*76
.._......_...  GO   TO   80
86 S=2,23E06/T(INDI)**,777

GO TO 80
........ 87..   S=3,9104/T<INDl)**,13R.. ..

GO TO 80 ..

C FOR 304 SS PIPING ALLOWABLE STRESSES ARE:
82 IF, (T(INDl)*GT.1500) TYPE 98, T(INDl)

IF (T(INDl).GT.1050) GO TO 35
IF (T(INDl).GE.700) GO TO·36
I-.(TQINDl).GE.100)   GO   TO   37.  ........
IF (T(INDl)*LT.100) T(IND1)=100.
GO TO 37

... 35 S=1. 735E25/T(INDl)**7.03
GO TO 80

36    S=6.67EOS/T(INDI)**,626
GO TO 8037 S 7.49E04/T(INDI)**.29
.GO TO 80
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C.FOR 316 SS PIPING THE ALLOWABLE STRESSES ARE:
83 IF (T(INDl).GT.1500) TYPE 98, T(INDl)

IF (T(INDl).GT.1100) GO TO 41
.IF (T(INDl).GE.900) GO TO 42
IF (T(INDl).GE.100) GO TO 43
IF (T(INDl).LT.100) T(INDl)=100.

.   ____. _ GO   TO   43
41 S=4.783E23/T(INDl)**6.45

GO TO 80
-,--42.--..._S=3.232E10/T (INDl)**2.13

GO TO 80
43 S=2.54E04/T(INDl)**.062

-GO- TO 80
98 FORMAT (' THE TEMP. IS TOO HIGH; T=',F10.2)

GO TO (84,35,41), FLAG2
80.__TM=P( IND2) *DOUT (INDEX)/(2*(St.4*P(.IND2)))

GO TO (75,76,76) FLAG2
75 IF (TMSTL(INDEX).LE.TM) GO TO 6

TM=TMSTL(INDEX)
GO TO 6

76 IF (TMSS(INDEX).LE.TM) GO TO 6
._.TM=TMSS(INDEX)

6      WT=2.677*((D+2*TM)**2-D**2)
GO TO (91,92,93),FLAG2

91...  .  .. PCOST=36.56*( WT**.974)+CLABOR( IND3)*(1.95*WT+26.87)
GO TO 200

92 PCOST=256*(WT**.96)+CLABOR(IND3)*(1.146*WT+12.41)
._2. +CLABOR ( INDJ )*(4.53*D+6.4)       ..._..._.__.-- _-___ .-
GO TO 200

93 PCOST=332.8*(WT**.96)+CLABOR(IND3)*(1.146*WT+12.41)
2  +CLABOR(IND3)*(4.53*D+6.4)

200 PCNEW=PCOST
IF (ABS(ERRNEW).GT.ABS(ERROLD)) GO TO 900
DELTPC=F'CNEW-PCOLD -I .- ...-----I --I....*i.--- - . ..I-- ..I-----I--I-

PCOLD=PCNEW
LAMBDA=DELTPC/DELTKW

-.. - . - ERRNEW=LAMBDA-CKI(IND4)     .-- -  .--- ..._.--.-
IF (ERRNEW) 4,900,5

C IF THE NEW ERROR IS NEGATIVE, INCREMENT SIZE AND GO THROUGH LOOP
C AGAIN. IF NEW ERROR IS ZERO, FINISHED. IF  NEW ERRORIS POSITIVE.
C CHECK THE ABSOLUTE VALUE OF OLD AND NEW ERROR, AND SELECT MIN ERROR.
4      INDEX=INDEX+1

GO  TO  10                                                                        -._.
5      IF (ABS(ERRNEW).LE.ABS<ERROLD)) GO TO 900

INDEX=INDEX-1
.  GO  TO  12                                           _       . ..... _  _..______--_.-     -  ......

900 ALEPH=P(IND2)*(2*(S-.6*P(IND2))+P(IND2))
2  /(S-.6*P(IND2))**2
GAMMA=2.63E-13*CKI ( IND4)*F*Q( INDS)**3               ......_..........
2 /(EFF*CS*ALEPH*RHO(IND7)**2)

C DUPONT'S RELATION FOR PIPE DIAMETER BASED ON INCRE-
CMENTAL RETURN ON INVESTMENT IS CALCHI ATFn AN AN FnHAL RARTS
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C WITH PIPOP.
C THE CAPITAL OUTLAY JUSTIFIED TO SAVE A KILOWATT IS BASE.
C 10 YEAR PROJECT LIFE, .8 UTILIZATION, 12% ROI, NO OPERA'
C OR SALVAGE VALUE.

KWHR=CKI(IND4)/39595.
ALPH1=2.55*EFF*(1+(1.22*D**.785+1.1*D**.78)/(.62*.
ALPH2=4.386E-12*KWHR*Q(INDS)**2.84*MU(IND6)**.16/1
ALPH3=.45+8.61 E-03*EFF/KWHR
Dl=12*(ALPH2*ALPH3/ALPHI)**.164.-.-
DELD=(D-Dl)/Dl*100
WRITE (5,878) RHO(IND7), MU(IND6), P(IND2), T(IND
2  CKI(IND4), CLABOR(IND3), V,D, KWHR, NRE,
3  GAMMA, F, Dl, DELD
GO TO 907

876 FORMAT (1 X,' RHO',4X,' VISC',2X,' PSI',4X,' TEMP'
2 9X,' $/KW',2X,' $/MH',1X,' VEL.',1X' DIA ',3X,'
3 1OX,' GAMMA',6X,' FF',3X,' Dl'.,2X,' %DIFF ,//,

878 FORMAT (F7.3,1X,FS.3,1X,F6.1,1X,FS.1,1X,F9.1,
2 4 X, F 7 . 1,1 X, F 6 . 2,1 X, F 5 . 2,1 X, F S . 2,1 X, F 7 . 4,1 X, E 1 2 .

3 F6.4,1X,FS.2,1X,F6.2)
907 GO TO 877. --.- ---. -- -
877 CONTINUE

GO TO 953
951 . TYPE 952_
952 FORMAT (' TOO MANY ITERATIONS WERE REQUIRED')

GO TO 877
953 TYPE 954, IT2, INDEX
954 FORMAT (' IT2=f,I6, ' INDEX=',I6)

STOP
END
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ABSTRACT

In this study, we looked at replacing certain heat exchangers

with Organic Rankine Cycles.  In each case, we determined the cost of

generating power and then from this tabulation of capital investment

for power generation, feasibility of replacement on a unit-by-unit

basis was determined.

The results show that 18 heat exchangers reject sufficient

heat to warrant ORC„usage, with potential electric generation of 36 MW

or a 17% increase of the inplant power generation of 210 MW.

Cost estimates indicate the capital investment required to

he approximately $1000/KW with a potential reduction of $300/KW for

mass produced units.

Based on the results of this analysis it is recommended that

ORC manufacturers be engaged to further engineer and incorporate Organic

Rankine Cycles into the Oil/Gas design.
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1.  Introduction

In our initial energy study, we developed a number of methods

10by which energy can be conserved in inefficient coal conversion plants.

Currently, our objective is to aDply the procedures we have learned to        ..

more near term, efficient and highly engineered plants.  The commercial

concept Oil/Gas Complex designed by Ralph M. Parsons Company has been
selected as the next candidate to be evaluated. This design has a high
thermal efficiency of 77%. 11

The purpose of this particular study is to investigate the

feasibility of replabing certain heat exchangers with an organic rankine

cycle.  For each case, the cost of generating electric power is to be

determined and then from this tabulation of capital investment for

power generation, the feasibility of replacement on a unit-by-unit basis

will be determined.

2.  Hx Suitability for ORC

Every heat exchanger in the Oil/Gas Complex has been evaluated

for its suitability of being replaced by an organic rankine cycle to

produce shaft work.  As shown in Figure 1, the ORC can perform essentially

the same function as a heat exchanger but the exit temperature of the

second stream cannot be the same, (T4 0 T4') since work is extracted.

In evaluating heat exchangers, there are three reasons why a

heat exchanger may be rejected as a potential candidate:  (1) the

exchanger' s :operation is important  to the downstream process and there-
fore a temperature change in any stream cannot be afforded or (2) the

incoming temperature of the process stream is too low to warrant ORC usage or

(3) the unit is too small.
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FIGURE 1.

COMPARISON OF ORC AND Hx

3.  Otganic Rankine Cycle           "

In many areas in the Oil/Gas complex, air coolers and water

cool ers   are· used  to cool process streams.      In some cases   the  cool ers   are

used independently and in others they are used in series as shown in

Figure 2A.  Normally, the air cooler cools the stream to 120°F, then

the water cooler cools the stream to 100°F. The inlet te,mperature of

the air coolers vary thr6ughout the plant- from 550°F-200°F.  It is these

schemes which are proposed for replacement by the Rankine Cycle design

in Figure 28, in this report.

The Rankine Cycle design in Figure 28 utilizes an organic

working fluid to produce shaft power through a reciprocating or turbine

type expander.  The air cooler and/or water cooler is replaced by the

boiler of Figure 28 keeping inlet and exit states of the process stream

constant.  Therefore, the waste heat which was previously lost to the

atmosphere is used as a heat source for the Rankine Cycle in which

some of this heat is converted to mechanical energy in the expander

while the remaining is rejected in the condenser to the cooling tower.
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To date, only AFI Energy Systems is in a position to market

Organic Rankine Cycles as low level waste heat recovery systems in the
17                        r

200-400°F temperature range. AFI Energy Systems is a joint venture of:

Allied Chemical, Foster Wheeler and Ishikawajima Hauma (IHI) of Japan.

A demonstration 500 KW Organic Rankine Cycle system shown in

Figure 3 is being constructed at the Allied Chemical facility at

Claymont, Delaware and will be operating in early 1978.8  This olant

incorporates a turbine and associated technology which has been

commercially applied in Japan since 1968 in a 3800 KW Organic Rankine

Cycle.  This system shown in Figure 4 has provided over 70,000 hours

18
of continuous operation with no major problems.

The AFI systems are being offered for sale on a turnkey,

fixed price basis in four nominal sizes:  500 KW, 1000 KW, 2000 KW, and
17

4000 KW.  Delivered costs are approximately $1000/KW.

AFI's current market thrust is toward retrofitting the ORC

to waste heat sources in existing plants.  These systems utilize liquids

or condensable vapors as a heating source.  AFI feels economics are not

yet justified for installation of an ORC when using gas as a heating

source because of a much larger heat transfer area required in the

boiler.  A three-year AFI study indicated that there is a huge potential

application in the following areas:  chemical plants, refineries, chemical

processes, and areas where there is excess process steam.
17

Figures 5 and 6, furnished by AFI, have been used to estimate

the ORC power output potential of heat exchangers with a liquid or

condensable vapor as a heat source.  Samples are shown in the figures.
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Table I shows the results of the power estimates.  As can be seen in

the table, this analysis indicates that 6 MW of power can be generated

using AFI's hardware.

Our analysis of all heat exchangers in the Oil/Gas Complex

shows that most of the rejected waste heat is removed from gas streams.

Currently AFI does not market systems which can use this heat source,

but this is because their market thrust is toward retrofitting in

existing installations rather than application at the design stage of

a new plant.  When looking at the economics of the ORC in a new design,

credit must be taken for the heat exchanger which would have otherwise

been needed to remove the heat.  This credit will make the ORC utilizing

a gas heat source economically attractive.

Barber-Nichols Engineering Company (Refs. 6 and 7) has

constructed a generalized curve showingtheevaluation of Rankine Cycle

efficiency with maximum cycle temperature for various working fluids

as shown in Figure 7.  It is on this curve that output power has been

made for the ORC system utilizing a gas as a heat source.  Sample

calculations are given in Appendix A.  All results are shown in Table II.

The results of Table II show  that by incorporating an ORC in every

potential gas stream over 30 megawatts of power can be generated.

4.  Cost Analysis

Only a rough figure of $1000/KW for the ORC systems has been

obtained through personal conversations with a representative of Allied

17
Chemical. Installation costs have been kept at a minimum because of a

modular installation approach and is estimated to be 20% of the capital
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Table I - Output Potential-AFI Energy Systems

Specific Heat Mass Flow Temp. of Source Output Costs
Item Description BTU/lb-°F lb/hr          °F             KW      $/KW        i

12-1301 slurry vapor 0.45
, 46,340 450 500 1200 600,000

condenser air

12-1302 slurry vapor 0.45 44,500 260 1900 1200 2,280,000
water condenser

12-1307(8)  Hp separator 0.41 224,740 300 500 1200 600,000
liquid coolers

13-1301 dried vapor 0.65 74,000 460 900 1200 1,080,000
cooler

14-1308 naptha air 0.65 199,600 280 600 1200 720,000 ...

cooler ...
D-=e.

--
14-1314 fuel oil air 0.45 942,413 300 1400 1200 1,680,000            (n

cooler

16-1307(8)  product coolers 0.57 106,500 270 500 1200 600,000

TOTAL 6300 KW 1200 $7,560,000

Heat Exchanger Costs -- $1,843,500

Net Investment       --     $5,716,500

Or Installed Cost of --     $      910/KW



Table II - Power Output-Barber and Nichols

Mass Flow Temp. of Source Power Generated
Item Description lb/hr            °F                 KW

12-1305 Hp separator 605,700 300 5400
vapor air cond.

16-1303 effluent air 325,350 280 900
cooler

17-1304 amine cond. 153,500 230 2500*
18-1303 methanation comp. 294,300 290 1300

8 1st stage dis-
charge                                                                                2

18-1304 methanation comp. 294,300 250 900
-

2nd stage inter-                                                            EK
cooler

18-1308 methanation 305,314 305 2200
effluent air

0
3. cooler

18-1315 SNG comp. 1st 277,295            235                  800
.J stage discharge
to intercooler
(3'

4,
0 21-1302(3) shift gas coolers 2,019,162 260 8200

24-1307(8) fuel gas coolers 2,213,382 300 7900
m
4 TOTAL 30,100
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17
investment.    The installed cost is therefore approximately $1200/KW

for systems utilizing a liquid or condensable vapor heat source.  The

capital investment required, shown in Table I, is 7.5 million dollars.

The total replacement heat exchanger cost was found to be 1.8 million

dollars.  Taking the heat exchanger costs as a savings the net investment

is 5.7 million dollars or $910/KW.  It is assumed that the same cost

will be realized with ORC's utilizing gas as a heat source when credit

is taken for the replacement heat exchangers.

Figure 8 presents cost curves which were extrapolated from

cost curves given in Reference 6.  These curves forecast the installed

costs of Rankine Cycles for production units.  The costs for the Rankine

system include all the components necessary to produce shaft power and,

in addition, the generator and associated controls to result in electrical

power generation.  The additional cost to the cooling tower because of

larger cooling requirements are not given in this figure.

These curves assume a 100% installation cost and a 6%

escalating rate from 1976.  From this figure, the installed cost of

replacement Rankine Cycles was estimated based on the cycle output

and maximum cycle temperature.  The cost estimates are given in Table III.

Sample calculations are given in Appendix B of the report.

Table III is a summary of the results of the ORC feasibility

analysis for all heat exchangers in the Oil/Gas Design.  This table

gives the feasibility of replacement in column one and the type of feasible

exchangers in column two.  Column three gives the estimated power output

of each replacement cycle.  The estimated installed costs are given in

columns four and five, column 4 is AFI's estimated costs and column 5 is
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Table III - Summary -of ORC Analysis

Power Generated Installed Costs
Item Description Feasibility TV-             KW           AFI ($/KW) 8&N Remarks

12-1301 slurry vapor steam-air 500 1200 725
air condenser

12-1302 slurry vapor . steam-air 1900 1200 650
water condenser

12-1310 Hp separator
slurry feed rejected Process Hx

12-1340 exchangers

12-1370 rejected                                   · " Process Hx

12-1313 Hp separator rejected Process Hx
slurry OH        ' H

cond. Hx                                                                                                3

12-1314 Hp separator rejected Process Hx   '''
slurry steam
gen.

12-1303 Hp separator rejected - 

Process Hx
vapor
Feed Gas Hx

12-1304 Hp separator OH rejected Process Hx
vapor steam gen.

12-1305 Hp separator OH gas-air 5400 500
vapor air
condenser                                                                                 „

12-1306 Hp separator OH rejected Process Hx
liq. steam gen.



Table III - Summary of ORC Analysis

Power Generated Installed Costs
Item Description Feasibility IZE£.           KW          AFI ($/KW) 8&N Remarks

12-1307 Hp separator OH Liquid-air 500 1200 625 Process Hx

liq. air cooler

12-1308 Hp separator OH +12-1307

liq. water cooler

12-1309 Hp separator OH rejected Temp. too low

Cond. H20 cooler                                                                                    

12-1315 Hp flash vapor rejected Process Hx

steam generator

12-1316 Hp flash. vapor . rejected Output too low
air condenser =

.=

12-1317 Hp flash vapor rejected Output too low  8
water condenser

12-1318 1st IP flash vapor rejected Process Hx

steam generator

12-1319 1st IP flash vapor rejected Output too low
air condenser

12-1320 2nd IP flash vapor rejected Process Hx

steam generator

12-1321 2nd IP flash vapor rejected Output too low
air condenser

12-1322 LP flash yapor rejected Output too low
air condenser

12-1324 LP vent gas rejected Output too low
condenser



Table III - Summary of ORC Analysis

Power Generated Installed Costs
Item '

Description Feasibility IKRS           KW          AFI ($/KW) 8&N Remarks

13-1301 Dried vapor cooler liquid-air 900 1200 580

13-1302 Recycle wash oil rejected Process Hx
preheater

13-1601 Drier WHB #1 rejected Process Hx

13-1602 Drier WHB #2 · rejected Process Hx

14-1305 Hy. Dist. PA/ rejected Process Hx
Lt. Dist. Reboiler

14-1301 Hy. Dist. PA rejected Process Hx
Feed Exchanger .-!

...

14-1302 Hy. Dist. PA rejected Process Hx   !2
Steam generator

14-1307 Fract. OVHD/ rejected Process Hx
Steam generator

14-1303 Lt. Dist. PA rejected Process Hx
Steam generator

14-1306 Fract. Bottoms/ rejected Process Hx
Hy. Dist. reboiler

14-1401 Main Fact. charge rejected Process Hx
furnace

14-1304 Fract. Bottoms/ rejected Process Hx
Feed exchanger

14-1308 NAPHTHA liquid air 600 1200 675
air cooler
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Table III - Summary of ORC Analysis  /1.-                                                      1
:

Power Generated Installed Costs
Item Description Feasibility Type KW            AFI ($/KW) 8&N Remarks

14-1315 ATM. Bottoms/ rejected                                                             Process Hx
600 psig steam gen. ;

14-1312 Fuel oil/150 psig rejected                                                             Pr6cess Hx
.,

steam generator

14-1313 Fuel oil/150 psig rejected Process Hx

steam generator

14-1314 Fuel oil liquid-air 1400 1200 590
air.cooler

14-1309 OVHD. vapor, interm. rejected Temp.    too   low

air cooler -
...
H

14-1310 OVHD. vapor rejected Temp.   too   low       43
air cooler N

16-1302 Charge heater rejected Process Hx

16-1301 Feed-effluent rejected Process Hx

exchanger

16-1303 Effluent air gas-air 900 650
cooler

16-1304 Stabilizer feed- rejected Process Hx

bottoms exchanger

16-1307 Product air cooler liquid-air 500 1200 725

16-1304 Stabilizer OVHD rejected Output too low
air cooler

16-1308 Product water liquid-H20 +16-1307
trim cooler



Table III - Summary of ORC Analysis

Power Generated Installed Costs
Item Description Feasibility -IZE&           KW          AFI ($/KW) 8&N Remarks

16-1306 Stabilizer reboiler rejected -Process Hx

19-1301 Feed effluent Hx rejected Process Hx

19-1302 Effluent cooler rejected Output too low

17-1301 Gas/Gas Hx rejected Process Hx

17-1302 Amine cooler rejected                                                           · Process Hx

17-1303 Amine exchanger rejected Process Hx

17-1304 Amine condenser gas-air 2500 610
H
...

17-1305 Amine reboiler rejected Process Hx    7
317-1306 Amine reclaimer rejected Process Hx

18-1301 Regeneration heater rejected Process Hx

18-1302 Regeneration cooler rejected Temp. too low

18-1303 Methanation comp. gas-H20 1300 620
1st stage discharge

18-1304 Methanation comp. gas-H20 900 710
2nd stage discharge
intercooler

18-1305 Methanation rejected Process Hx
feed/effluent fix -

CO

18-1401 Methanation rejected Process Hx
start-up heater



Table III - Summary of ORC Analysis

Power Generated Installed Costs
Item Description Feasibility Type             KW            AFI ($/KW) 8&N Remarks

18-1306 Methanatjon rejected                                                             Process Hx
circulating oil
boiler

18-1308 Methanation gas-air 2200 570
effluent air
cooler    -

18-1311 Polish methanator rejected Process Hx
feed/effluent Hx

18-1402 Polish methanator rejected Process Hx

start-up heater                                                                                       -
-,

18-1313 Polish methanator rejected Output  too  low   Z
air cooler 4

18-1315 SNG compressor gas-H20 800 780

1st stage discharge
intercooler

18-1316 SNG comp. 2nd stage rejected .Output too low
discharge cooler

18-1314 Deethanizer comp. rejected Output too low
1st stage discharge
intercooler

18-1317 Deethanizer cond. rejected Temp. too low

18-1318 Deethanizer reboiler rejected Process Hx

18-1319 Depropanizer cond. rejected                                                             Output too low

18-1320 Depropanizer re- rejected            -                                                Process Hx
boiler



t . . Table III - Summary of ORC Analysis

Power Generated Installed Costs
Item Description Feasibility Type             KW           AFI ($/KW) 8&N Remarks

18-1321 Debutanizer cond. rejected Temp.   too  .1 ow

18-1322 Debutanizet re- rejected Process Hx
boiler

20-1301 Steam' superheater rejected Process Hx

20-1302 Oxygen preheater rejected Process Hx

20-1303 Quench water air rejected Temp. too low
cooler

20-1601 Steam boiler rejected Process Hx .-4
D-4
...

21-1601 170 psia Waste rejected Process Hx    .6heat  boi 1"er (11

21-1301 Boiler feed rejected Process Hx
water preheater

21-1602 40 psia waste rejected Process Hx
heat boiler

21-1603 25 psia waste rejected Process Hx
heat boiler

21-1302 Shift gas gas-air 8200 520
air. cooler

21-1303 Shift gas water +21-1302gas-H 02
trim cooler

24-1301 Quench water rejected                                 ·                           Temp. too low
air cooler



- Table III - Summary of ORC Analysis

Power Generated Installed Costs
Item Description Feasibility Type             KW           AFI ($/KW) 8& N Remarks

24-1302 Air/fuel gas HX #1 rejected Process Hx

24-1303 Fuel gas-1200 psi rejected Process Hx
steam generator

24-1304 Air/fuel gas HX #2 rejected Process Hx

24-1305 Fuel gas-150 psi rejected Process Hx
steam generator

24-1306 Fuel gas-25 psi rejected Process Hx
steam generator

24-1307 Fuel gas air gas-air 7900 490                   -.=
cooler

r
24-1308 -Fuel gas water gas-H20 +24-1307

cooler

26-1302 Reboiler rejected Process Hx

26-1351 Solution Hx rejected Process Hx

26-1352 Solution cooler rejected                                                             Process Hx

26-1353 NH3 stripper rejected Process Hx
condenser

26-1354 NH3· stri pper rejected Process Hx
cooler

26-1355 NH3 stripper - rejected Process Hx
reboiler

26-1356
NH3 condenser rejected                                                             Process Hx



Table III - Summary of ORC Analysis

Power Generated Installed Costs
Item ' Description Feasibility I .           KW           AFI ($/KW) 8&N Remarks

32-1311 Condenser rejected Process Hx

32-1312 Condenser rejected Process Hx

32-1313 Condenser rejected                                                             Process Hx

32-1316 Condenser rejected                                                             Process Hx

32-1316 Condenser . rejected Temp. too low

32-1317 Condenser rejected Temp. too low

12-1323 LP flash vapor rejected Potential too low
air condenser

-

Total 110 Hx Total 36,400 1200 560                                     T

3
18-Used Less Hx Investment -12,040,260 910 230

Plus Cooling Tower Costs + 2,300,000 985/KW 300/KW

.-5                                                                                                             
-

/..

('-
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the estimated costs from Reference 7.. The last column gives reasons

for rejection of heat exchanger replacement.

The total. results shown in page 27 of the table, indicates

that 36 megawatts of power can be generated.  The costs for the ORC,

is estimated to be around $1200/KW using AFI's data and $560/KW using

the data from Reference 7. When .credit is taken for the replaced heat
a

exchangers and an adjustment made for the increased cooling.tower costs

the AFI estimate drops to $985/KW and $300/KW for Reference 7 costs.

Although the AFI estimates.indicate the current costs of ORC,

for waste.heat utilization, the costs from Reference 7 indicate the

potential costs of the ORC given the appropriate demand.  Given this

range it is therefore necessary to perform a return on investment

sensitivity analysis to demonstrate the potential ROI for various

investment costs and selling prices.

4.1  DCF Sensitivity Analysis

A discounted cash flow analysis has been performed on varying

sizes of ORC for different investment costs and electricity exporting rates

and the results are shown in Figures 9 and 10.  Figure 9 assumes a 1025/KW-hr

exporting rate escalating 8% per year for 10 years.  Figure 10 assumes

a 1.01/KW-hr exporting rate escalating  6%  per year for 10 years. Assumptions

used for the basis of this analysis are in accordance with the Gas Cost

Guidelines used in the Oil/Gas Complex and are shown in Appendix B.
11

The cost curves of Figure 8 were used as a basis for this
..

analysis.  The capital investment was taken directly from Figure 8 for

curve B in Figure 9 (B and C), the most optimistic curve.  The capital

investment for the pessimistic outlook, curves (A and D) was assumed to be a 100%

f
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increase  in the curve of Figure 7. This analysis  does take "credit

for replacement heat exchangers.

The expected ROI for two ORC manufacturers is also giveh

in the figure.  One'is AFI at $985/KW and the other is Sundstrand

Corporation, a 600 KW waste heat recovery ORC utilizing heat source

temperatures above 550°F. The Sundstrand systems installed cost is ''.

$800/KW, with a mass production projection of' $400/KW.

5.  Discussion of'ORC

The results and conclusions presented here concerning Organic

Rankine Cycles are not necessarily (restricted) to coal conversion

plants but can be expanded to any inudstry in which low level heat is

being wasted.

By replacing air coolers and water coolers with Organic

Rankine Cycles, waste heat can be utilized to produce useful electrical

or shaft power.  All ORC presented in this report are within the realm

of technological development of Rankine Cycles.  In addition to AFI

Energy Systems and Sundstrand's experience, many other U.S. firms have

applied considerable effort to the development of Organic Rankine Cycles
..

for various applications.  Table IV, not intended to be an all inclusive

list, gives a summary of some of the companies working on ORC.

Most applications of the Organic Rankine Cycle are of a proto-

type nature at the present time and therefore costs are substantially

higher than the estimates presented here.  In some cases the costs are

as high as $2000/KW-$3000/KW, but all manufacturers forecast price

declines given the appropriate demand.  AFI's and Sundstrand's cycles

. -i.4...4
- ".



Table IV

Expander Inlet
Manufacturer Type of Fluid   Type of Expander Type of Application °F/PSIA Rated Power Hp

1. Aerojet-Liquid AEF-78 Turbine Automobile 650/1000 74.9
Rocket

2. Barber-Nichols R-113 Turbine Solar Cooling 200/57 2.7

3. Barber-Nichols R-113 Turbine Solar Irrigation 920/221                 25.0

4. Fairchild-Hiller FC-75 Turbine Total Energy Plant 428/206 25.34

5. Kinetics R-113 Rotary Automobile 375/355 47.0

6. Kinetics R-114 Rotary Solar Cooli ng 200/180 7.5

7. Ormat MCB Turbine Power Pack variable 3.0

-
8.  Sundstrand Aviation CP-25 Turbine Total Energy Plant 825/195 134.1          M

9.  Sundstrand Aviation  Dowtherm A Turbine Power Pack 700/7 . 8.0           

10. Sundstrand Aviation Tolvene Turbine Waste Heat Recovery 550/300 900

11. Thermo-Electron Fluorinol 85 Turbine Automobile 600/700 145.5

12. Thermo-Electron Fluorinol 85 Turbine Gas turbine 600/700
bottoming plant

13. Thermo-Electron Fluorinol 85 Turbine Diesel engine 600/700 1,000
bottoming plant

14. United Aircraft R-113 Turbine Solar Cooling 200-375/70-340 4.3

15. United Aircraft R-114 Turbine Solar Cooling 250-275/250-400 8.0

.
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are currently being sold at reasonable costs with satisfactory rates

of return given today's electricity costs.

These efforts and the efforts of numerous other companies

indicate the cost estimates presented here are certainly within the

time frame necessary for use in coal conversion plants.

6.  Conclusions

Based on estimates and results presented in this report,

the following conclusions are drawn:

1.  The Organic Rankine Cycle is an energy effective

to air and water cooled systems operating at

temperatures above  200°F.     In  the  01 1/Gas

(bmplex 36 megawatts of electricity can be

produced in an energy effective manner through

recovery of the waste heat of air and water

coolers.

2.  Incorporating Organic Rankine Cycles into coal

gasification designs will generate demand to

lower production costs and, therefore, enable

the ORC to become cost effective in a variety of

other industries where waste heat is available.

On a national level the energy savings potential

is incredible.

/\
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7.  Recommendations

This report is a preliminary analysis which pinpoints 18

heat exchangers throughout  the  Oi 1/Gas Complex, in which the rejected

heat is sufficient to generate over 36.MW of power via Organic Rankine

Cycles.  It is therefore recommended that current manufacturers be

contacted and steps taken to further engineer'and incorporate Organic
0

Rankine Cycles into the Oil/Gas design.
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Appendix A
-.

Sample Calculations

Rankine Cycle Power Output

The High pressure Separator vapor air condenser (12-1305) is used

as an example in these'calculations to illustrate the .method.used in

determining possible power output of the ORC.

Data

Heat Source Temp: 300'F

Heat Transfer: 123.3 X 106   BTU/Hr.

Mass Flow: 605,700 Lbm/Hr.

Assumptions

1.  Boiler, regeneration and condenser have an effectiveness

of 80%.

Sample Calculations

The heat transfer in the boiler is 123.3.X 106 BTU/Hr.

QB = 123.3 X 106 BTU/Hr.

Assuming boiler effectiveness ·of 80% the maximum cycle temperature

is about 270°F.

Tmax = 270°F.

Using the generalized curve of Figure #7, the Rankine cycle

efficiency is 15%.

y = 15%

Multiplying the heat source from the boiler with the cycle efficiency
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gives the power output of the cycle.

P =  QB = .15 X 123.3 X 106

= 18.5 X 106 BTU/Hr.

=   5,420   KW

= 7,275 Hp
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Appendix B

1.  Cost Analysis

The replacement rankine cycle for the air cooled system (12-1305)

is used as an example for the cost analysis presented in this paper.

The installed cost of replacement rankine systems is estimated

from the curves of Figure 8 using the estimated power output and cycle

temperature calculated in Appendix A.

P    = 5,400 KWOut

T    = 270°F.
max

From Figure 8 the installed cost is found to be $500/KW

I C   =   $500/ KW

Since the total output possible is 5,400 KW the total installed

cost is easily found.

(IC)T = $500/KW X 5400

= $2,700,000

Additional cost resulting from enlarging cooling tower capacity

is estimated from data given in Reference 10.

Cooling Tower Costs = $76,400

Heat exchanger costs were obtained from Reference 13.

Hx Costs = $540,350

The net cost is found by adding the ORC installed cost plus the

cooling tower costs minus the heat exchanger costs.

Net Cost = $2,700,000 + 76,400 - 540,350

= $2,236,050

or $415/KW

f
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2.  DCF - Sensitivity Analysis

A discounted cash flow analysis was performed for various

capital investments and rates of electricity.  The following is the

assumptions used in constructing the curves of Figures 9 and 10.

All Curves

1.  20 year project life

2.  Double-Declining Balance Depreciation

3.  48% federal income tax

4.  $.003/KW-hr operation and maintenance costs

5.  8400 Hrs/year operating

Curve A - Pessimistic outlook

1.  Capital Cost based on 100% increase of Fig. 8 with

credit taken for replacement Heat Exchanger

2.  Exporting rate for electric power is :$.01/KW-hr escalating

at a rate of 6% per year for 10 years

Curve B - Optimistic Outlook

1.  Capital Cost based on Fig. 8 with credit taken for

replacement Heat Exchanger

2.  Exporting rate for electric power is $.025/KW-hr escalating

at a rate of 8%/year for 10 years

Curve C

1.  Capital Costs based on Fig. 8 with credit taken for

replacement exchanger

2.  Exporting rate of $.01/KW-hr escalating at a rate of 6%/year

for 10 years



III-39

Curve D

1.  Capital Costs based on 100% increase of Fig. 8 with credit

taken for replacement exchanger

2.  Exporting rate of $.025/KW-hr escalating at a rate of 8%/year

for 10 years.

-
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ABSTRACT

This study examines an alternate system to cool an ethane gas

stream from the fractionator in Unit 18 of the Parsons Oi T/Gas Complex.
9  '

This alternate will save 2.6 x 10  Btu/hr'of energy or .25 short TPD of

coal which is a fraction of a percent of the 36,000 TPD of coal used in

the Oil/Gas Complex.  The installed cost of the alternate system is

$151,000 with an operating and maintenance cost of $7550/yr.  Assuming

a 20-year life, 9% interest rate on borrowed capital, and an electricity

cost of $.025/KW-hr, the Life Cycle Cost of the new system is-$179,000

over a 20-year period which shows that more money is spent installing

new equipment than is realized from electricity savings.  Using a Dis-

counted Cash Flow Analysis, the Return on Investment is 0%.
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INTRODUCTION

The de-ethanizer condenser (Unit 18-1317) in the Parsons Oil/

Gas Complex cools an ethane gas stream from 53°F to 26°F.  The ·cold side

stream of this condenser is -40°F propane.  The heated propane is piped

to a storage tank, and a refrigeration unit maintains the tank at -40°F.

Therefore, the heat added to the propane must be transferred from -40'F

to ambient temperature (100'F) by the storage tank refrigeration unit.

The purpose of this study is to determine the energy savings

resulting from a refrigeration unit to cool the. ethane gas stream from

53°F to 26°F.

.

\
\
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ENERGY SAVINGS FOR THE ALTERNATE REFRIGERATION SYSTEM        ·

Assuming an effectiveness of .8(7) .for the evaporator, the

required evaporator temperature is 19°F for the alternate refrigeration

system to cool the ethane stream from 53°F to the required 26°F.  This

results in a higher COP than the present system which must transfer.heat

from a -40°F reservoir.  From Appendix A, the actual COP for the alter-

nate system is 2.55 and for the required refrigeration effect of 1.3 x 106

(9)Btu/hr (see Appendix B), 200 Hp is required .  The present system has

a calculated COP of 1.7 and for the same refrigeration effect requires

302 Hp.  Therefore, the power requirement for the alternate refrigeration

system is 102 Hp or 76 KW less than the present system.
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ECONOMIC ANALYSIS

The savings in electricity for a 76 KW reduction in power

for the alternate system is $15,050 per year or $301,000 over 20

years assuming an electricity cost of $.025/KW-hr .  The installed(10)

cost of the alternate system is $151,000 and annual operating and

maintenance costs are assumed to be 5% of the installed cost or $7,550.

If the capital is borrowed at 9% the 20-year life cycle cost is -$179,000.

The calculations and assumptions for computing the life cycle cost are

given in Appendix C.

A discounted cash flow analysis was also performed.  For the

investment of $151,000, a rate of return of 0% is obtained.  The

basis for the DCF analysis are given in Appendix C.
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CONCLUSIONS

For a capital investment of $151,000 and an annual operating

and  maintenance  cost  of  $7,550, 601,920 KW-hrs,  or  $15 ,050 of electricity

are saved annualy.  This represents a 0% rate of return on investment,

and a life cycle cost of 4179,000 over the 20 year life.
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APPENDIX A

COP Calculations

For the refrigeration effect required, 1.3 x 106 Btu/hr (from

Appendix B) and the work input of 200 Hp (5.1 x 105 Btu/hr) given by

reference 9, the actual COP.is:

Q
COP  = -

1
W

6
1.3 x 10  Btu/hr

=
5

5.1 x 10  Btu/hr

= 2.55

Since the only data known for the present refrigeration system

is the heat.load·· (1.3· x 106. Btu/hr),.ambient temperature (100°F), and

storage tank temperature (-40'F), the·theoretical COP will be adjusted

using a rule of thumb to arrive at a realistic .value. The coefficient

of performance can be written:

T
COP =    L

T -T
H     L

To determine a realistic value of the COP, 20°F is subtracted

from the low temperature reservoir or TL = -40° - 20° = -60°F = 400°R.

20°F is added to the high temperature reservoir, TH = 100°F + 20°F =

580'R, and to account for inefficiencies, the COP is multiplied by .75.

This can be written:
- -

400°R
COP  = .75 = 1.7.

2
580°R - 400°R
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APPENDIX B

Calculation of the Heat Load, Evaporator. Temperature and Refrigeration
Work

The mass flow of the gas stream to be cooled , the components,

and the entering and exiting temperature and pressure are tabulated be-

low.  With this information the heat load  or refrigeration effect can

be calculated.  From the first law of thermodynamics:

Q = Q11 (Ahl) + ;12 (ah2) + m3 (Ah3)

where:

Q = refrigerating effect (Btu/hr)

6i = mass flow (lb/hr)

Ah = change in enthalpy (Btu/lb)

The following table shows the components of the gas stream, their percent

(5)
composition, respective mass flows, hl' h2' Ah and Q from each component

CHEMICAL · PERCENT MASS FLOW ENTHALPY ENTHALPY Ah'     Q
COMPONENTS COMPOSITION    (m)  lb/hr    (hl ) Btu/lb (h2) Btu/lb    hl  - h2 m(Ah) Btu/hr

Methane 5.6% 5,849 - 1544.3 - 1558.9 14.6 85,395

(CH4)

Ethane 66 % 68,934 - 844.9- - 856.8 11.9 820,315

(C2H6)    1

Propane 28.4% 29,245 53.7 40.4 13.3 388,959

(C3H8)   i

TOTAL   < 1,294,669
HEAT

REJECTED   
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Enthalpies are based on the following temperatures and pressures:
(4)

Tl = 53°F ; pl = 216 psia

T2 = 26°F ; P2 = 211 psia

The refrigeration effect required is:

Q = 1.3 x 106 Btu/hr.

Evaporator Temperature Calculation

Assuming the effectiveness of the evaporatorto be E = .8, we

have:

Tl - TW€=
T -T

1         2

o _ 53°F - 26°F.0 -

53°F - TL

or T  = 19°F.
L
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Refrigeration Work Required

Using the values of COP determined in Appendix A the work load

of the present refrigeration unit can be determined by using the defi-

, nition of COP.

1.3 x 10  Btu/hr            5
6

W= = 7.7 x 10  Btu/hr
1.7

= 302 Hp.

(9)For the alternate system the work input is given as 5.1 x 105 Btu/hr

The energy saved by installing the alternate system is:

7.7 x 105 Btu/hr - 5.1 x 105 Btu/hr = 2.6 x 105 Btu/hr (76 KW)

Assuming the coal used in the Oil/Gas Complex has a heating

value of 12,125 Btu/lb.  , this presents a saving in coal consumption of:(1)

2.6 x 10  Btu/hr
5

(24 hr/day-) = 515 lb/day - 1/4 short ton/day (TPD).
12,125 Btu/hr

This is only a fraction of a percent of the 36,000 TPD(1  used in the

entire complex.
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APPENDIX C

Economic Calculations

Life Cycle Cost

The electricity cost savings over 20 years, with 330 full stream

days/yr , and assuming electricity costs $.025/KW-hr ls:
(1)                                                                                                  (10)

(20 yr)(2.6 x 105 Btu/hr)(2.928 x 10-4 KW-hr/Btu) x

(330 day/yr)(24 hr/day) ($.025/KW-hr) = $301,467

:                                  Savings = $301 ,000.

The  cost of equipment, installatioh, operation, and maintenance

for the alternate refrigeration system is based on the following assump-

tions:

1)  Interest rate on borrowed money is 9%.

2)  20-year life with no salvage value(l).

(3)
3)  Installation is 40% of equipment cost

4)  Operational and maintenance is 5% of installed        '

Cost.

The following lists give design specifications and equipment

costs of the de-ethanizer condenser to be removed and the new refrigeration

system to be installed.

De-ethanizer Condenser

Item number: 18-1317(1)

Heat Load: 1.3 x 106 Btu/hr

Surface Area: 1,230 ft2 (1)
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Installation Cost:  $24,000(1)

Alternate Refrigeration System

Heat Load:  1.3 x 106 Btu/hr  (110 tons)

Power requirement:  200 Hp(9)

COP: 2.55
1                                                           . .'

Evaporator Temp.:  19°F...,

Ambient Temp.:  100°F

Equipment Cost:  $125,000(9)

The total installed cost of equipment with credit taken for the existing

condenser is:

$125,000(1.4) - $24,000 = $151,000

If this money is borrowed. at 9% interest, the uniform annual payments

(8)
for the loan using the Capital Recovery Factor (CRF) are:

$151,000(.1095) = $16,535/yr

Annual operation and maintenance cost is:

$151,000(.05) = $7550/yr.

The total cost of installation, maintenance and operation is:

$16,535 + $7550 =. $24,085/yr

Therefore, the total cost over 20 years is:

$480,000.
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The Life Cycle Cost (LCC) is the total saving - the total costs, or in

this case:

$301,000 - $480,000 = -$179,000.

Discounted Cash Flow Analysis

With a cost of electricity of $.025/KW-hr, capital cost of

$151,000, net cash flow of $7,523, and the assumptions below, the rate

of return on investment can be calculated.

Assumptions:
>

1)  20 year project life

2)  16 year SYD depreciation (sum-of-year-di·gits)

3)  0% tax rate since the revenues result in

a decrease in electricity use

4)  No: investment.tax credit

5)  100%.equity ·

The discounted cash flow formula is given as:

N    C
Co=I  n

n=1  (1+r)n

where:

Co is the·capital cost'   

Cn is the annual net cash flow

N  is the project life

r  is the rate of return:·    "

For this problem we have:
7    21

Co = $151,000

C  = Annual revenues from savings in electricity -
annual operation and maintenance costs
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= $15,073 - $7,550

= $7,523

N   = 20

Solving for the rate of return, r.by, interpolating, we get:

r   = -.04% or r = 0%

4
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ABSTRACT

This work examines the' feasibility of mechanical deep cleaning
of coal where the cleaned coal would be used for direct combustion and

the rejected portion would be used in a coal gasification plant.  To

make. this feasible, the reduced thermal efficiency from gasifying "dirty-
coal "  must be offset  by the reduced energy requirement for the· flue  gas
desulfurization system.

Our study indicated, for the coal being considered for· the

Parsons Oil/Gas Complex - Illinois No. 6 - the energy saved by reduced

flue gas desulfurization was approximately equal to the energy lost from
8

gasifying the dirty coal. The methodology for thisstudy is presented in '

such a way that other coals - particularly a high paritic:sulfur content -

could,be studied.

' i
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Introduction

The purpose of this investigation was to examine the feasibility

of deep mechanical cleaning of coal prior to combustion.  The rejected frac-

tion of coal would be directed to a gasification process:  We believe that      

energy could be saved  by empl oying this concept in commercial sized  gasi-

fication designs. The concept wasappliedto the Oil/Gas Complex designed

by Ralph M. Parsons Companyl.  Quantitative results from thi·s specific case-

were obtained to test our hypothesis.

We had hoped that the clean fraction of coal could be fired -

without additional clean-up of stack gases.  This would alleviate the

problem of meeting increasingly stringent emission standards5.  The

sulfur would be concentrated in the rejected (or dirty) coal feed to the

gasifier, and eventually be reduced to elemental sulfur.

The overall energy efficiency of the proposed desigA was

evaluated.  Consideration was given to the reduced efficiency of gasifying

"dirty" coal as well as the increased efficiency of directly combusting

a portion of the coal.

The Proposed System

The addition of a deep cleaning and boiler system is the major

alteration required in the proposed design.  A sketch of the design is

provided in Figure 1.  The details of each of the processes involved

will be discussed.
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Clean Coal ·

Process Heat
>

'            Boiler

Raw Coal
k..Specific

Gravity Pipeline Gas

Separ.     .                     
                    )

Low Grade Coal
H25, Ash

Gasifier                     )

Figure 1

SCHEMATIC OF PROPOSED SYSTEM
:,

The Deep Cleaning Unit

Deep cleaning involves the mechanical separation of raw coal

to obtain a high grade coal (low sulfur and ash content).  This pro-

cedure has been. impractical for conventional uses because of the· low

recovery rate of clean coal. However, no real penalty .for low recovery .

rates exist in this application since the remaining coal is directed to

a gasifier rather than being discarded.

The deep cleaning is done, by Specific Gravity Separation to

deep clean the raw coal. This Specific Gravity Separation was chosen  be-

caose of the availability of washability data.  This method is also one

of the best in terms of the quality of the clean coal recovered 2,3

Studies performed by the Bureau of Mines4, indicate that the degree of

washability is a function of the specific gravity of the float medium
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used.  As the specific gravity of separation decreases, so will the

pyritic sulfur., ash, and the recovery rate of·clean coal.

As the crushed coal enters the separation vessel, the heavier

particles containing pyritic sulfur (spec. grav. = 5.1) will sink. The

lighter clean coal (spec. grav. = 1.2) will float.  The clean-coal is

screened off the top of the liquid, to be fired in a conventional

boiler.  The dirty fraction is used as feed for the gasifier.

The Clean Coal Boiler

A conventional boiler is used in the proposed design to burn

the recovered coal. Because the sulfur content in the clean coal has

been reduced, less energy is required for flue gas desul furization to
5

meet the EPA emission standards .

The Gasifier

The design, of the gasifier: was based on the Bitumi·nous Coal

Research work on the Bi-Gas pilot plant at Homer City, Pennsylvania.

The operating parameters (pressure, temperature .and flowrate) specified.

in the Parson's. Report on the Oil/Gas Complex were used in this

study.

Since the reduced concentration 'of fixed carbon, decreases·

the product ·yield, conversion. efficiency of the gasification reaction

is reduced by using "di·rty" coal .

-'.:
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Procedure

The proposed design was evaluated on the basis of its overall

energy efficiency.  The overall energy efficiency is calculated as the

energy ultimately derived from the system divided by the heating value

of the coal feed to the system.  The coal type used throughout the

analysis was "Illinois No. 6" because the Oil/Gas Complex Was

designed to process this coal type2.  The specific analysis for this

coal is shown in Table 1.  The fraction of coal recovered from the

specific gravity separation, and the composition of the "clean" and

"dirty" splits are computed by extrapolating washability data compiled
9

by the Bureau of Mines .  Figures 2 through 5 were generated from this

data and relate the coal recovery rate to the sulfur, ash, carbon

content, and heating value of the clean coal.

At a specified recovery rate the composition of the clean

coal is set, and can be obtained from the curves.  A mass balance is

done to obtain the composition of the dirty coal.  These newly

determined compositions are used in the subsequent efficiency calculations.

The clean coal heating value is obtained from Figure 5.  This

enhanced heating value is used in all boiler calculations.  A boiler

efficiency of 85% is assumed in the calculation of the clean coal

contribution to the total energy output.  The treatment of the stack

gases by FGD entails an energy penalty of 8% of the heating value of

the feed coa16.  This penalty is applied in proportion to the per-

centage of stack gas requiring treatment to meet EPA emission standards.

This percentage is found by comparing the EPA standard of 1.2 lbs SO2
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Table 1

Proximate Analysis of Illinois No. 6 Coal

Item Wt %

Moisture 2.7

Ash 11.8

Volatile Matter                              39.7

Fixed Carbon 45.8
100.00

Ultimate Analysis of Illinois No. 6 Coal

Element Wt %

C ' 70.69

H                                           4.98

N         , - i 1.35

0                                       8.19

S                                             3,51

Trace Minerals* .
11.28

100.00

*A detailed analysis of all trace components ij shown in Appendix B.
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per MMBtu with the content of SO2 in the stack gases.  The specific

amount of treatment was found in accordance with reference 7.  (See

sample calculations for details, Appendix A.)  The following equation   '

is used in determining the boiler unit's contribution to the production

of useful energy.

Boiler Energy = HHV (.85 - .08 [fraction FGD Treatment])

The effect of gasifying dirty coal was also considered in this

analysis.  With the aid of the computer program: "Equilibrium Model of

Gasification", the efficiency of the gasifier, operating at 1700°F and

1000 psi with the dirty coal was obtained(8).

The summation of the energy generated from the boiler and the

energy content of the gasifier product is made.  This total energy from

the system is divi.ded by the heating value of.the original coal input,

yielding the overall energy efficiency.

The  enti re procedure was iterated from several recovery rates.

Results and Discussion

The overall energy efficiency over a range of coal recovery

rates has been calculated for the proposed combustion/gasification system.

Figure 6 summarized these results.  No significant variation in efficiency

exists among various recovery rates.  The energy penalty of FGD had

some influence on the results.  A larger impact was felt from computed

values for gasifier efficiency.  These were higher and more stable at

various feed compositions than originally believed.
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Figure 7 is a curve summarizing the effect of recovery rate

(i.e., degree of cleaning) on the gasifier efficiency.  The graph indi-

cates that the gasification efficiency is insensitive to change in

coal composition. This situation is rationalized if one observes the
changing rate of steam and oxygen injection.  The computer program used

is an equilibrium model that optimizes these parameters for given feed

compositions. Therefore, the gasification efficiency tends. to be in-

elastic with respect to feed composition.

The efficiency for gasifying raw coal (69%), is not signifi-

cantly different from direct combustion efficiency (78 - 85%).  Conse-

quently, even at the optimal recovery rate (i.e., degree of cleaning),

the system efficiency  has no great advantage  over the present gasifi -
cation system. The optimal recovery rate is represented as· the relative

maxima in Figure 6.  It is observed that 73% is not vastly different

from the raw coal gasification efficiency of 69%, when one recognizes

that error of approximately 10% is inherent in this study.  Therefore,

installation of the proposed system can not be recommended for commercial

gasification projects.
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Accuracy and Sensitivity

Several sources of error can be identified within this study.

Numerous assumptions and approximations were made.  For convenience,

these are listed below.  The impact they have on the results of this

investigation is considered as part of a sensitivity analysis which

follows in Table 2.

1)  Direct fired boiler efficiency of 85%.

2)   Flue Gas Desul furization energy 'requirements are 8%

of the heat input to the boiler.

3)  Energy required for coal grinding is negligible.

4)  Gasification reaction approaches equilibrium

conversion rate.

5)  Downstream processing steps treating the gasifier

effluent were unaffected.

Recognizing these limitations, an error of + 10% can be

expected in these calculations.  It should be noted that Illinois No. 6

coal was used as a basis throughout this study.  Other coal types may have

characteristics that would alter the evaluation. Beneficial characteristics

include ease of washability, high fixed carbon composition, and low

sulfur and ash content.

The gasification program used to discern gasifier efficiency

8·
is an equilibrium model.   It does' not exactly convey continuous operation

results.  The disparity here was believed to be small, however the

surprisingly high gasifier efficiencies predicted by the model deserve some

scrutiny.  It is this factor which forced the retraction of the original
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TABLE 2

Percent Efficiency Change for
a 10% Change of an Individual Parameter

Parameter Name Change in
[10% Change] Value System Efficiency

Boiler Efficiency 85% 1.2%

FGD Rate                      8%                0.2%

Recovery Rate 60% 1.5%

Carbon Content of
Gasified Coal 59% 0.4%

Gasifier Efficiency 69% 8.3%

The highest change of 8. 3% on total system efficiency of 10%

change in the assumed boiler efficiency indicates that this

parameter has the most significant effect.  On the contrary,

the lowest change of .2% of the FGD energy consumption shows

the negative sensitivity of this parameter.
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hypothesis.  Observing that the results are very sensitive to the

gasifier efficiency, an error in these values could greatly influence

the results of this entire eva]uation.

Conclusions and Recommendations

1. The , proposed combustion-gasification system should not

be applied in commercial sized gasification designs.

2.  Other coal types should be considered to evaluate the

impact of coal characteristics on the system.



V-22

References

1.  Parsons, Ralph M., "Oil/Gas Complex Conceptual Design/Economic

Analysis", Prepared for Energy Research and-Development Administration,
Contract No. E(49-18)-1775, March 1977.

2.  Ibid, p. V-2.

3.  Conversation with Kenneth Miller, Pittsburgh Energy Research '

Center, Bruceton, Pa.

4.  Cavallaro, J. A., et al., "Sulfur Reduction Potential of the Coals

of the United States", U.S. Bureau of Mines RI 8118, 1976.

5. Allegheny County  Heal th Department, "Rules and Regulations",
Article XVIII, Air Pollution Control, June 1972.

6.  Torstrick, R., Shawnee-Limestone-Lime Scrubbing Process, Summary

Description Report, TVA, 1976.

7.   Carnahan, D. R., Energy Conservation in Flue- Gas Desul furization
Systems, December 1976, p. V-64.

8.  Kabadi, J. N., Gasifier Equilibrium Model, Prepared for U.S. Energy

Research and Development Administration, Contract No. EY77S024196,

August 1977.

9.  Op. Cit., Cavallaro, p. 61, 314.

10.  Personal communication with Dr. Kun Lee, Professor, Chemical Engineering,

Carnegie-Mellon University.

11.  Miller, Kenneth J., Flotation of Pyrite from Coal:  Pilot Plant Study,

Pittsburgh Energy Research Center, Bureau of Mines RI 7822, 1973.



V-23

APPENDIX A

Sample Calculations ·

Following will be a sample of the calculations required

to obtain a value for the overall efficiency of the proposed system.

The case of 40% recovery of clean coal in the separation unit is

used below.  The procedure applies at any recovery rate.

1.  Recovery rate of 40% is chosen.

2.  From Figures 2 through 5 the composition of the

clean coal is determined.
' I

S - 2.5%

Ash - 3.1%

C - 67%

Heating Value - 13,650 BTU/lb

3.  By mass balance the composition·6f the dirty coal.

is calculated.  Initially the raw coal composition

is given as:

S - 3.5%

Ash - 11.8%

C - 70.7%

HV - 12,172 BTU/lb

Choosing a basis of 100 lbs of raw coal, the dirty coal

composition is easily derived.

-
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.035 - .025(.40) .04S:         .60

Ash:  '118 - .031(.40.) .18                  '
.60

C:  .707 - .67(.40)  = .73
.60

And via energy balance

HV: =,11,18712,172 - 13,650(.40)
.60

4.  The boiler calculation is done assuming 85% efficiency

and penalty of 8% for stack gas clean up.  The amount

of gas needing treatment must first-be..determined.

From Figure 2b the coal directly fired..at 40% recovery

does not meet EPA emission standards.  The amount of

gas treated is calculated by:

502(1 - xns)
STD =

Q Boiler

where x = fraction of flue gas treated

STD = 502 emission regulation lb/106 BTU (1.2)

ms  = scrubber efficiency (80%)
..

SO2 = lb of 502 in
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5.  The contribution to total energy from the boiler is

found by the equation:

Boiler Energy = HHV (.85 - 0.8 [% FGD Treatment])

In this case

Boiler Energy =13,650 (.85 - .08[.45])

=11 ,111·

6.  The contribution from the gasifier is computed by

multiplying the given gasifier efficiency by the

heating value of the dirty coal feed.

11,187 x .66 = 3384

7.  Overall Energy Efficiency

(11,111).40  +  7384(.60) =  73%
12,172
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ABSTRACT

This report develops a methodology for calculating and evaluating

the increased work potential possible from high pressure steam generation

in waste heat boilers.  This methodology is applied to the Ralph M. Parsons

commercial.concept of the Oil/Gas Complex.  Implementation of the proposed

scheme would result in an export power increase of 7.7 MW which is a 4%

increase of the 210 MW generated by the Oil/Gas Complex at a cost of

$2110/KW.
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Introduction

This report develops a methodology for calculating and evalua-

ting the increased work potential possible from high pressure steam

generation in waste heat boilers.  The methodology is applied to the

Ralph M. Parsons  commercial concept of the Oil/Gas Complexl.

Operating steam generators at higher' pressures than steam

users allows for work to be extracted by depressurization.  Topping

turbines can be used to bring the pressure down from the generation

pressure level to the user pressure level.  However, higher boiler

operating pressures and additional turbines require a higher capital

investment.

Method of Approach

Use of a steam balance format simplifies the approach (Fig. 1).

Headers were drawn to represent all steam generation and user pressure

levels and condensate.  Steam generators were drawn above the corresponding

headers, while users are drawn below these headers.  Generators and users

are labeled with their corresponding equipment numbers and steam mass

flow rates.  Heat exchanger gas mass flow rates are shown, as well as

the gas inlet and exit temperatures.

Heat exchangers are then evaluated on an individual basis

to determine if steam at the next highest incremental pressure can be

generated.  The results calculated (Appendix A) are shown in Table 1.

Two approaches are used to determine if higher pressure steam

can be generated.  The first approach is to hold the heat transfer

constant, and evaluate the effect on the steam mass flow rate and the

-
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                    existing                                     <                ·        'increased pressure )
< qt '

const. - 8Tp . 50' /

Ps ms ATP UB Atot mat'l
cost     Ps         ms       ATP Atot mat'l cost     ps      as       Te A mat'l

cost           remarkstot

item / PSIG lb/hr °F hr.ft °F    ft2 SH/T Wft2  1 PSIG                                                                                  2      SH/T
Btu/2

lb/hr        'F   .  ft2      SH/T    $/ft2     PSIG     lb/hr    of         ft               i)ft2  
12-1304            25 39.340 35.6 131 5.300     -----   ----- SO 38,956         7      ----    ---.. ----- 50     13.150   __-- .._. -----  ----- | aTI to low, 85 to low

<                                                                                                                   CS/ss    105

12-1306 25 7.464 35.6 114 1.130     -----   ----- 50

7.394 1 -  5/5, 10,- 900 218.700 S61 -

50      2,493 ---- -----   ------   -----    8TP to low; ds to low

12-1314

 «.3-=.33:Jl-- « 33« 331«/--::=-

Cs/SS
51.970 8Tn acceptable. * acceotable

900 255.000 42.6 64.050

1200 258,500       12.2    ----    -----
-----

1200 66,200    -----
-----   ------   -----    ATp to low; ms to low

12-1315

50-3-3.- 3---3.-35-35   z        6,513-        -11 :     ---          ---      ---                 5.I:-  ':1--- -1--I    "4'       :3     ZI.Z.N.::.Il.12-1318            50       3.140  67 139 230 cs/rs 17.6 150 3,086 12      ----   ------   ------ 150 2,250 396
35.9 ATD to low, ms acceptable

Cs/rs

12-1320            50       2,141   66        97 200 17.6 150 2.105        10.7   ------   ------ ------ 150 1.613 395
132 Csfs 35.9 8Tp to low; ms acceptableCs/cs

18.045 416 6.550 Cs/cs --- 8Tp to low: 4 acceptable
1 3-1601/21/4VS 1 150 21.900   83 20.6 5.400 CS/CS 35.9 600 21,726         7     ------   ------ ------ 600

900      -----                                                                                    CS/-----   ------   ------   ------     900 15.465 502 5,944     0 115 8Tp to low; ms acceptable

13-160 2/42/62 SO 5.837   17        30      3.997      ---- ----- 150 -----       ----   ------   ------   ------     150      ----- -------    ------   -----    ----     not possible. not possible

14-1302 600       7.8no   71 82.6 1.330       --- ---- 900 7.849       26.6   -----    ------ ------ 900 ------ _---_-_    ------   -----    ----    8Tp to low. not possible

14-1315

6/<-t:m. < » - 31-4,8a- 35-'.3--
"O 112.520 36.7  74.835 Cs/CS 48 900 77.980 570 90,455  Cs/CS 48 8Tp acceptable; 4 acceptable

1200 114,000         8     ----    ------   ------    1200     ----    ------    ------   ------   ----     8Tp to low; not possible <
-

14-1313            50     19.450  27        30     12.650     ---- ------ 150 -------     -----  -----     -----   ------     150     -----   ------     ------  ------   -----    not possible. not possible \8

14-1307              25      33.177   16       -----   19.940      ---   ------ ·    50      -------     -----  -----    ------   ------      50 ----- _----_.    ------   -----    ----     not possible; not possible

18-1306

--31=.331--3..=..:3··= J25-JD'«  3...··

1500 147.543       42 15.430 CS ------ 1500 125,904 613 12,360  A2858      82      8Tp acceptable; 4 acceptableA285C/

1800 150.482 22    ------   '------   ------,   1800    54,370   ------    _....    _-___    ....    _6TD to low; ms to low

21-1601 .™ 150 636.912   63       565     34,488     -.-- ----. 600      ------    ----    -----   ------   ------     600   292.460   ------    ----   ------  -----     not possible. ms to low

21-1602             25 495,394 38.7 134 54.220     ----   ------    150      -------    ----    -------  ------   ------ 150 ------   ------    -----   -----   r----     not possible; not nossible

21-1603              10 100.970 20.6 ------ 23.574      ----   ------     SO       ------     ----     ------  ------   ------ SO -------  -------  ------  ----r  ----  _  not Dossible, not possible

24-1201 1200 144.120   -----     ------   ------     __--   ----_.     _____   .._ ...     __..    ..__.__  _____.   _.....     .._..   ....__- _..... ------   ------  ---- _  lack of informati 

24-1303 1200 497.680 400 13.6 55.000 SAZB i/ 480 1500 504.624 364 55.560    ------ ------ 1500 947.116   ------- ------ -----    -----    ATo acceotable: not oossible«««/////./ 2000 522.340 419 49.170
SA285

 6 630 2000 1,079,68C  -----=  ----.   ----- ----- ATo acceptable. not possihli__

24-1305 150 159.292   63       ------  38.SOO      ----- ----- 600 - -     ------  ..2.---.----- 600 65.860   ------   -----    -----   ---._ not possible; ms to low

24-1306 25 87.155    36          ' 18.3 61.360        -----    ----- 50 84.435            9       ------ --:--- ------      50      47.325   ---- ap   to   1 ow;   6ts    to   1 ow                                         

Ps . steam generation pressure
Atot = total area of heat exchanger

6, = steam flow mat'l = heat exchanger materials = SH/T 0 Shell/Tubes

8Tp = pinch point temperature difference Te = exit temperature of heating stream

US = over-all heat transfer coefficient of boiler section CS = carbon steel

SS = stainless steel

TABLE I
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"pinch point" temperature differential - the minimum temperature

difference between the exchanger heating stream and the saturation

temperature of the steam being generated.  The heat.exchanger area is

then calculated,

In the second approach, the "pinch point" is set at 50°F, a

common design point,.and the effect on the steam mass flow rate, the

heating stream exit temperature,  and the exchanger  area are found.

WhiTe considering increasing the operating pressure of the

heat exchangers, two requirements were set.  First, the new mass flow

rate of the steam must be within - 30% of the former steam mass flow

rate.  Second, the "pinch point" temperature differential must be a

minimum of 36°.  Also, the highest incremental steam pressure possible

(up to 2000 .PSIG) was of course chosen.  When it was possible to re-

place an exchanger with either scheme, the total heat transfer held

constant or the "pinch point" held at 50°, it was decided to keep the

heat transfer constant wherever possible.  This avoids any possible

complications from the heating stream outlet temperature rising

excessively.

The replaced exchangers are shown in Table 2.  (The exchanger

costs were found as shown in Appendix B.)  The total installed cost of

the existing exchanger is found by multiplying the heat exchanger area

by the cost per unit area.  The total installed cost of the replacement

exchanger is found the same way.  The difference between these two costs

is the "8 installed cost". The total increased capital investment in

heat exchangers, then, is found to be $12,555,029.



Table 2

Exchanger Costs

-low pressure #4 high pressure D

Area         Cos 
Cost Area Cost .- Cost .8 Installed

Item #    ·(ft2) ($/ft )       ($) (ft2) ($/ft2)       ($)            .. Cost

12 -1314 42,680          78 3,300,000 64,050 · 105 6,725,000 3,425800

12-1315 456 17.6 8,000 510 35.9 18,300 10,300

12-1318 · 230 17.6 4,000 290 , 35.9 10,400 6 AOO

12-1320 200 17.6 3,520 132 35.9 4,740 1,220            25

13-1601/21/
41/61 5400(x4) 35.9 775,000 5,944(x4) 115 2,734,000 1,959,000

14-1315 43,860        36 1,579,000 74,835·           48 3,592,000 2,013,000

18-1306 11,700         60 702,000 15,430            82 1,265,000 563,000

24-1303 55,000 480 26,400,000 49,170 630 30,977,000 4,577,000

8 Installed cost total = $12,555,000
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Table 3 shows the "accouhting" of the new steam balance.  The

column headed "lbs/hr needed" indicates the shortage of steam at the

indicated pressure due to generating the 'steam at a higher level.   The

column headed "lbs/hr generated" designates the steam now generated

at a higher level.

Figure 2 demonstrates how power can be generated by utilizing

the higher pressure steam.  The steam is expanded through a turbine and

extracted at the  levels required to rebalance the system.  The turbine

in Figure 2, however, would be prohibitive in terms of cost due to the

complexity of controls in such an induction-extraction arrangement.

Figure 3 shows how the arrangement of Figure 2 can be imple-

mented by utilizing six separate turbines.  The costs for these turbines

are given in Table 4.  The costs for the corresponding generators is

also shown.  The power output of the generator was found as shown in

Appendix  C.    Thus, the total generator output  of   7760    kw cost $3,815,600

for turbine and generation equipment, and $12,555,000 represents the

increase in total installed' cost of the waste heat boilers (Table 2).

Thus, the proposal to generate steam at a higher pressure results in a

7760  kw power increase at a cost of $16,370,000 or $2110/kw.

The steam utility flow sheet revised to show the implementation

of the higher pressure waste heat boilers and additonal turbines is shown

in Figure 4.



VI-11

Table 3

Steam Balance

Unit # PSIG lbs/ needed . PSIG lbs/ generatedhr                        hr

12-1314 600 252,900 900 255,000

12-1315                50 9,422 150 5,041
1

12-1318 50 3,140 .150 2,250

12-1320            '    50 2,141 150 1,613

13-1601/21/41/61 150 21,900(x4) 900 15,465(x4)

14-1315 600 111,630 900 112,520

18-1306 1200 143,650 1500 147,543

24-1303 1200 497,680 2000 522,340

-   A turbine operating under the following conditions would satify the

above requirements:

PSIG      .    . min mout

2000 522,340

1500 147,543

1200 641,330

900 429,380

600 364,530

150 78,700

50                              14,703

, K



Figure 2

STEAM BALANCE

62)                          0-
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GENERATION SCHEME
.
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Table 4

Turbine and Generator Costs

Turbines* Generators**

HP/KW Installed Cost Installed Cost  

1) 4805/3585 $1,200,000 430,200

2) 465/347 525,000 41,640

3) 410/306 250,000 , 36,720

4) 1900/1417 425,000 170,000

5) 2755/2055 250,000 246,000

6) 730/545 175,000 65,400

Total 11,065/8255 2,825,000 990,600

Total turbine and generator installed costs = $3,815,600

Total power output =  8255 KW x  94%(8)  =  7760  KW

*
Appendix C

**
Based on an $80/KW quote f 10% for generators in the range shown,
plus 40 - 50% for.gear reduction equipment. (Reference 8.)
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CONCLUSION

Implementation of the scheme shown in Figure II

results in a 7760 KW power generation increase, at a total

cost of $16,370,000.
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APPENDIX A

SAMPLE CALCULATION

hf2
h f 1                   h fg

Economizer boiler T     4  T

\21 / 4,:12                 \I T
-

1 Tll, 41
/32

Tl- Ts    <  
.-T
- 13

ms - 1   2  Ts
steam BFW

L

 *- boiler    - +   econ -41

12-1314 From the flow diagram (R-12-FS-1):

T   = 632°F                4      254.892 MM  Btu/hr11                     t
T  = 550°F 6,193,944 lb/hr
1.3

Ps =  600 PSIG

1

From the equipment specifications (Section 13):

A       =  42,680 ft
2

total

The following is an analysis of the existing exchanger.

From steam tables:

600 PSIG Steam:      h    =  727.9 Btu/lbm
fg

h' 475.8
f1

228°BFW:             h       196.3
f2
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The mass flow of the steam is found:                               '

ms     hfg + (hfl - hf23 727.9 + 475.8 - 196.3 Btu/lbm
 t                 254.892 x 10  Btu/hr                   5

6

= 2.53 x 10 lb/hr

The heat transfer in the boiler section is:

 B = &s hfg = (2.53 x 10 lb/hr (727.9) Btu/lb = 1.84 x 108 Btu/hr

The heat transfer in the economizer is:

 E = &5 (h   -h l= (2.53 x 105) lb/hr (475.8 - 196.3) Btu/lb = 7.08 x 107 Btu/kfl     f2

The average specific heat of the heating stream is:

C        qt              254.892 x 10  Btu/hr
6

= 0.5  Btu/lb °FP  M AT (6,193,944) lb/hr (632 - 550)°F
1          1

The temperature-length profile is:

T
632° LTDB = 82° =b

572° /  LMTD  = 110°
B

550°
GTDB  =  142°490°

228°
-

LTDE  =  82°

=* LISITDE
=  180°

GTDE  =  322°
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The overall heat-transfer coefficient of the economizer, UE ' was

assumed to be
30      Btu

hr · ft2 .°F

The economizer area, then, is:

 E                    77.08 x 10  Btu/hr                 2
A = 13,103 ft
E   U  LMTD      30    BtuE     E                     180°F

hr · ft . °F
2

The boiler area is:

A =A
- AE = (42,680 - 13,103) ft2 = 29,577 ft28    total

The overall heat-transfer coefficient of the boiler, UB is:

48 1.84 x 10 Btu/hr Btu8

U = 56.5B A LMTD      2           2
B     B     29,577 ft 110°F hr · ft . OF

This completes the analysis of the existing exchanger.

The possibility of generating 900 PSIG steam is examined, keeping qt constant:

From the steam tables:
0

900 PSIG, 535°F Steam: h    =  665.6 Btu/lbm
fg

h       529.8
fl

228°F  BFW;.                hf2     196.3

The mass flow of·the steam is:
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•             qt               254.892 x 10  Btu/hr                  5
6

m                                                            = 2.55 x 10  lb/hrs     hfg + (hfl - hf2) 665.6 + 529.8 - 196.3 Btu/lbm

The heat transfer in the boiler is:

 8 * 4s
h 2.55 x 10 lb/hr 665.6 Btu/lb  = 1.68 x 10  Btu/hr

5                                            8
fg

The heat transfer in the economizer is:

6E = 'As(hfl - hf2) = 2.55 x 105 lb/hr (529.8 - 196.3) Btu/lb = 8.51 x 107 Btu/hr

The intermediate  heating stream terdperature, 712' is

98                            81.68 x 10  Btu/hrT12"51 - MC = 632°F -

(6,193,944)  lb/hr (0.5) Btu/16 ·°F
578°F1 P

The "pinch point" then, is:

AT  =T -T 578° - 535° 43°P 1'2 Steam

The temperature length profile is:

T   632
LTDB  =  43°

4  LMTOB 67°
78                      GTDB  =  970535 550

-KN LTD =  43°
228                 E
-                 :=# LMTD 145°
L                                                     E

GTOE  =  322°
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t

The area of the boiler, assuming UB is constant, is:

48                  81.68 x 10  Btu/hr                    2A  =           =                             =  44,485 ft
8   U LMTD 56.5 Btw8 8       - 67°

hr · ftc . -F

The area of the economizer is:

 E         8.513 x 10  Btu/hr                   2
7

A = 19,570 ft
E   U  LMTD      30       8tu

E     E                       145°F
2

hr · ft  · °F

The total area is:

A  =A +A 44,485 ft  + 19,570 ft 64,055 ft
2               2                  2

t B E

The possibility of generating high pressure (900 PSIG) steam setting

the "pinch point" at 50° is also analyzed:

Setting the "pinch point" also determines the intermediate heating stream

temperature, T12:

T       T      + 50°  =  535 + 500 585°F
12      Steam

The heat transfer of the boiler is found:

1 b  (0.5) Btu _ 8 Btu
qB = (Tll - T12)  11 Cp. = (632 - 585)°F (6.19 x 106) hr 16°F - 1.46 x 10 -RF
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The mass flow of the steam is:

48       1.46 x 10 Btu/hr 2.19 x 10  lb/hr
8                       5

ms   =     h                      665.6  Btufg                  Tbm

The heat transfer in the economizer is:

 E = Ins (hfl - hf2) = 2.19 x 105 -lk (529.8 - 196.3) Btu = 7.3 x 107 Btuhr                 lb             hr

The exit temperature of the heating stream  T    has changed since #t'  13'

has changed.  It is:

&E 7.3 x 10  Btu/hr
7

=  585' F - 561.4°F
T)3 = T12 -A C 6,193,944 1b 0.5 Btugp TF°Fhr

The temperature-length profile is:

T 632 LTD
B  =  50°

--*      LMTDB      =   71 °
GTD =  97°

535 ,· 561            8

, 4 riNK 228 LTD =  50°
E

1

L LMTDE  =  155°

GiDE  =  333°

The boiler area is:

 8          1.455 x 108 Btu/hr                 2A                                         ----- = 36,270 ft .....

8     U LMTD 56.5 Btu,
8    8                        71°F

2
hr · ft . 0F
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The economizer area is:

 E                   77.3 x 10  Btu/hr                    2AE = 11 LMTD
=

=  15,700 ft-E     E      30 . Btu·
155°F

2
hr · ft  · °F

The. total.area,then,  is:

At  =  AB  =  AE  =  36,270. ft2 + 15,700 ft2  =  51,970 ft2
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APPENDIX B

The installed cost of the heat exchangers in $/ft2 was found

from the curves on the following two pages, Figures 5 and 6.

The Ralph Parson's factored extimates were obtained from

Reference 6.  The quotations from John Zink were obtained from Reference

5, and were quoted as base costs.  These base costs were converted to

installed costs by multiplying by a factor of 2.5 for erection, piping,

site-work, etc., as described in Reference 7.

The quotations from John Zink,  Inc., and 'Ralph Parsons on
) heat exchangers under 10,000 ft2 allowed the extrapolation of the curve

shown with a high level of confidence.  The slope of this curve was

assumed to remain the same. for heat exchangers over 10,000 ft2.
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APPENDIX C

The six turbines would operate under the following conditions:

Turbine          m         P.       P           h           h           N*       P      Installed'cost*1n out        1         1 25
lb/hr PSIG PSIG Btu/lbm Btu/lbm       %        HP          $

1 522,340 2000 1200 1136 1100         65 4805 1,200,000

2 118,990 1500 1200 1169 1147        45 465 525,000

3 28,553 1500 600 1164 1096         50        410      .250,000

4 335,977 900 600 1196 1164        45 1900 425,000

5 78,700 900 150 1196 1054         65 2755 250,000 <
==

6 14,703 900       50 1196 986         60 730 -175,000                                             N00

Total HP output of turbines = 11,065 HP

hl = enthalpy at Pin

1 25
h = isentropic enthalpy at P with P. referenceOut in

The output of turbine 1, for example was found to be:

P = m (h  =  h in 522,340 (1136-1100)(.65)1 125"' 4805 HP=

2544 Btu 2544
liF- hr

*The efficiencies (n) and costs were quoted by Westinghouse Canada, Ltd. (Ref. 2).
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ABSTRACT

A combined cycle power generation scheme for the Ralph Parsons

Oil/Gas plant was studied as an alternate,to the steam turbina power

generation system to see if energy can be saved in a cost effective way.

Using the same amount of coal as the present system, generates an excess

of 22.2 megawatts of electrical power or 10.6% of the 210 MW generated''in

the Oil/Gas Complex at a cost of $610/KW. If electricity is exported at

$.025/KW-hr the annual gross revenues are 4.3 million dollars a year.

This is a 19% return on investment, using a discounted cash flow analysis.

From a life cycle cost stand point, this is a total revenue of 56.5 million

dollars over the 20-year life of the plant.

The combined cycle alternate, which uses present state-of-the-

art equipment is a cost effective way to better utilize energy.
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INTRODUCTION

This report examines the present power generation' scheme of

the Ralph M. Pars,ons Oil/Gas Complex Conceptual Design,to'determine if

the efficiency,of the power generation system could be improved in a cost

effective manner.

The al ternative  to the present system i s a combined  cycl e

utilizing low Btu fuel gas from the low Btu gasifier (unit 24) :in a gas

turbine, then. using the hot exhaust gases in a heat recovery boiler to

generate steam for process requirements and additional electric power

generation.

The combined cycle was chosen as an alternative because (1)

higher thermal efficiencies (35-45%) than straight rankine cycle efficiencies

can be expected, and (2) current state-of-the-art gas turbines, heat

recovery boilers and other equipment can achieve these higher efficiencies.

(.

l

-.

, \

. k. 4
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DESCRIPTION OF PRESENT SYSTEM

The present power and steam gen6ration system shown in Figure

1 burns low Btu fuel-gak from a low Btu gasifier (unit'24) in boilers

for 1200 psig steam generation.  The steam generated in this boilet is

then used in the process for process steam turbine drivers, and the steam  

turbine generators for 210 MW of electric power production.  The power

generation turbines each have three extraction points, at 600 psig, 300 psig

and 150 psig, for use in feedwater heaters that service the large Waste

heat boiler.          :

DESCRIPTION OF THE COMBINED CYCLE ALTERNATIVE

The combined cycle alternative must generate the same amount

of steam for process use, steam turbine drivers in the process area and

electric power requirements for in-plant use as the present system.

The combined cycle system shown in Figure 2 consists of a fuel

gas praheater (Appendix A), two gas turbine-generators producing 112.7

megawatts each (Appendix C), one 1200 psig waste heat steam generator which

uses the hot exhaust gases of the gas turbines to generate 1,508,000 lb/hr of steam

(Appendix A), one each 150 and 25 psig waste heat steam generators utilizing

the hot gas from the large waste heat boiler (Appendix A).  Thel,508,000 lb/hr of

1200 psig steam generated in the large waste heat boiler is used for pro-

cess with the balance of 131,500 lb/hr used in a steam turbine (Appendix D)

for electric power generation.  The turbine has one extraction point of

109,650  lb/hr of 300 psig, 619°F for feedwater heating.  Because of the

reduced amount of steam generated, the number of deaerators has been

,
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decreased from 2 (32-1307,08) to one (32-1307), the number of condensate

pumps has been reduced from 4 (32-1501,02,03,04) to two (32-1501,02), the

number of feedwater heaters has been reduced from 4 (32-1303,04,05,06) to

two (32-1303,04), and the number of feedwater pumps has been decreased

from 4 (32-1505,06,07,08) to 2 (32-1505,06).

ECONOMIC ANALYSIS

Installed costs shown in Table 1 for the combined cycle equip-

ment and for the equipment in the present design are from references 1,

2,5,7,8 and calculations in the appendices.  From Table 1, the installed

cost of the combined cycle alternative is 99.1 million dollars while the

installed cost of the present power generation unit is 85.6 million

dollars, the increase in cost for the combined cycle alternative is 13.5

million dollars.

The combined cycle generates a surplus of 22.2 megawatts of

electricity over and above the requirements of the plant.  This is an

installed cost of $610/KW.  For this analysis, the electric power wou14

be exported for revenue at a price of $ .025/KW-hr base cost and $.033/

KW-hr optimistic price.  These prites·are given in Section XII, basis for

fuel and utility costs.  At $ .025/KW-hr, the gross revenue is 4.3 million

dollars per year and at $.033/KW-hr the annual gross revenue is 5.7 million

dollars. This assumes a 330 day operating year as specified in the Oil/

Gas Conceptual Design.  In addition the operating and maintenance costs

for the present system and the combined cycle alternate are equal.



TABLE 1

Equipment Description and Installed Costs for the

Ralph M. Parsons Design and Combined Cycle Alternate                         -
Total

Number Req'd Installed Costs

Equipment No. and Description Unit Capacity · Parsons/Comb. Cycle Parsons/Comb. Cycle

24-1303*
, 1200 psi waste heat steam generator  502 MM Btu/hr  55000 sq.ft.        1/-               $ 31,411,782

24-1304'   -= --   Air=fuel gas exchanger #2 137'MM Btu/hr  75440 sq.ft. 1/- $  3,437,323

24-1305 fuel gas 150 psi steam generator 160 MM Btu/hr  88500 sq.ft. 1/-               $    405,817

24-1306 fuel gas 25 psi steam generator 83 MM Btu/hr  61360 sq.ft. $   656,989

32-1601,02,03,04 boiler 853.4 MM Btu/hr 4/- $ 28,710,700

32-0101,02 steam turbine-generator. 110.0 MW, 21- $ 17,827,909

32-1307,08 deaerator 535.3 MM Btu/hr 2/1 $ 273,398/136,600

32-1501.02,03,04  condensate pumps and spares 1400 .gpm 4/- $    42,472

32-1505,06,07,08  feedwater pumps and spares 4100 gpm · 4/2 $ 1,389,954/69497

32-1303,04 feedwater heaters 112 MM Btu/hr 2/1 $ 694,978/347,489 M

32-1303,04 feedwater heaters 153.9 MM Btu/hr       ' 2/1 $  194,978/347.489.-6

---            air-fuel gas exchanger 122 MM Btu/hr  15683 sq.ft. -/1 $    870,086

---            fuel gas-fuel gas heat exchanger 283.1 MM Btu/hr 66,222 sq.ft. -/1 $  3,632,278

---            1200 psi waste heat steam generator  183.6 MM Btu/hr  54384 sq.ft. -/1 $ 29,612,088

---            150 psi waste heat steam generator 117 MM Btu/hr  82748 sq.ft. -/1 $    386,433

---            25 psi waste heat steam generator 65.2 MM Btu/hr  58719 sq.ft. -/1 $    688,744

---            gas turbine-generators 112.7 MW -12 $ 38,994,200

---            steam turbine-generator 6.6 MW -/1 $    956,440

---                   1200 psi waste heat steam generator   1247 Mil Btu/hr 1,205473 sq.ft.      -/1 $ 19,227,294
---            condensate pump and spare - 45 gpm -/2               $      4,720

---            150 psi waste heat steam generator   289.4 MM Btu/hr  223371 sq.ft. -/1 $  3,562,770

---            25 psi waste heat steam generator 20 MM Btu/hr  12619 sq.ft. -/1                $    201,273

TOTALS: $ 85,546,300/

* Equipment number given in Reference 9. 99837,361
Installed costs are from Refs. 1,2,5,7,8 and calculations in Appendices A,B,C and D. ACOST = 13,491.061
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Discounted Cash Flow Analysis

A discounted cash flow analysis was performed using the two

selling prices of electricity to obtain a rate of return on the additional

capital investment for the combined cycle alternate.  The following

bases were used:

1)  20 year project life

2)  16 year ·SYD depreciation

3)  52% combined state and federal income tax

4)  No investment tax credit

5)  100% equity  .

The rate of return using $ .025/KW-hr for the price of electri-

city is 19% rand the rate of return using $.033/KW-hr is 24.8%, each one

being above the rate of return of 12% specifed by Ralph Parson's as the

minimum desired rate of return on the Oil/Gas C·omplex(9). The yearly

tabulation of the discounted cash flow analysis is shown in Tables 2 and 3.

LIFE CYCLE COST ANALYSIS

The life cycle cost analysis assumes that 100% of the additional

capital cost for the change in power generation schemes must be borrowed

at 9% interest for the 20-year project life. This results in uniform

annual payments of $1.48 million dollars on the loan.  This cost is sub-

tracted from the annual revenue of 4.3 million dollars to obtain a net

yearly revenue of 2.82 million dollars per year, or 56.6 million dollars

over the life of the plant.  Using $.033/KW-hr, the net annual revenue

is 4.27 million dollars per year, or 85.3 million dollars over the life

'

of the plant.
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CONCLOSION

At a cost of $610/KW, the combined cycle power generation scheme

provides a minimum gross revenue of 4.3 million dollars, with a rate of

return of 19% on the additional capital investment.  The combined cycle

alternate steam and power generation scheme is a cost effective way to

generate steam and electric power in the Oil/Gas Complex using present

state-of-the-art equipment.

I <



VII-12

TABLE 2

Discounted Cash Flow for

Electricity Selling Price of $..025/KW-hr

*********************************************************************

100 PERCENT EQUITY 0 PERCENT TAX CREDIT ON
9 PERCENT INTEREST 0 PERCENT OF INVESTMENT

THE CALCULATED RATE OF RETURN IS 19.04 PERCENT

YEAR GROSS CASH ANNUAL ANNUAL NET CASH
' DISCNTD

FLOW    ' DEPREC TAX FLOW CASH FLOW

1 4305 1592 1410.76 2894.24 2516.73
2 4305 1492.5 1462.5 2842.5 2149.338
3 4305 1393 1514.24 2790.76 1834.97
4 4305 1293.5 1565.98 2739.02 1566.044
5 4305 1194 1617.72 2687.28  .'  1336.053
6 4305 1094.5 1669.46 2635.54 1139.417
7 4305 995 1721.2 2583.8 971.3461
8 4305 895.5 1772.94 2532.06 827.7349
9 4305 796 1824.68 2480.32 705.0617
10 4305 696.5 1876.42 2428.58 600.3078
11 4305 597 1928.16 2376.84 510.8856
12 4305 497.5 1979.9 2325.1 434.5778
13 4305 398 2031.64 2273.36 369.4846
14 4305 298.5 2083.38 2221.62 313.9786
15 4305. 199 2135.12 2169.88 266.6663
16 4305 99.5 2186.86 2118.14 226.3545
17 4305         0 2238.6 2066.4 192.0221
18 4305         0 2238.6 .2066.4 166.9757
19 4305         0 2238.6 2066.4 145.1963
20 4305         0 2238.6 2066.4 126.2576

TOTAL 86100 13532 37735.36 48364.64 16399.4

Note:  Figures are in thousands of dollars.
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TABLE 3

Discounted Cash Flow for Electricity

Selling Price of $.033/KW-hr

*********************************************************************

100 PERCENT EQUITY 0 PERCENT TAX CREDIT ON
9 PERCENT INTEREST 0 PERCENT OF INVESTMENT

THE CALCULATED RATE OF RETURN IS 24.76 PERCENT

YEAR GROSS CASH ANNUAL ANNUAL NET CASH DISCNTD
FLOW DEPREC TAX FLOW CASH FLOW

1 5746 1592 2160.08 3585.92 3118.191
2 _ 5746 1492.5 2211.82 3534.18 2672.348
3 5746 1393 2263.56 3482.44 2289.761
4 5746 1293.5 2315.3 3430.7 1961.514
5 5746 1194 2367.04 3378.96 1679.94
6 5746 1094.5 2418.78 3327.22 1438.449
7 5746 995 2470.52 3275.48 1231.374
8 5746 895.5 2522.26 3223.74 1053.846
9 5746 796 2574 3172 901.6804
10 5746 696.5 2625.74 3120.26 771.2805
11 5746 597 2677.48 3068.52 659.5576
12 5746 497.5 2729.22 3016.78 563.8577
13 5746 398 2780.96 2965.04 481.9019
14 · 5746 298.5 2832.7 2913.3 411.7328
15 5746 199 2884.44 2861.56 351.6699
16 5746 99.5 2936.18 2809.82 300.2708
17: 5746         0 2987.92 2758.08 256.297
18 5746         0 2987.92 2758.08 222.867
19 5746         0 2987.92 2758.08 193..7974
20 5746         0 2987.92 2758.08 168.5195

TOTAL 114920 13532 52721.76 62198.24 20728.86

Note:  Figures are in thousands of dolla
rs.
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APPENDIX A

Heat Exchanger Area and Cost Calculations

The method for calculating heat exchanger heat transfer. areas,

and installed costs with examples is given below.

The heat transfer in a heat exchanger is:

q = mfg x Cp x ATfg

where:

11fg = mass flow of fluid, lb/hr

C  = constant pressure specific heat of fluid, Btu/lb-°F

AT =·change in temperature of the fluid, °F
fg

The heat transferred is also:

q=Ux A x6Tm

where:

U = overall heat transfer coefficient, Btu/hr-ft2-oF

A = area of exchanger, ft
2

ATm = log mean temperature difference of the exchanger, °F

(GTD - LTD)
AT  =

m   ln(GTD/LTD)

where:

GTD = the greatest temperature difference of the fluids

LTD = the least temperature difference of the fluids.
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EXAMPLE:

Calculation of Required Area for the Fuel Gas. Preheater (Figure 2)

f

From Figure 2:

Afg = 2,189,643 1 bm/hr

AT   = 1226°F - 822°F
fg

and from reference 3,

C  = .32 Btu/lb-°F.
P

Therefore,

q = 2,189,643 x .32 Btu/lb-°F x (1226°F - 822°F)
t

= 283.1· MM Btu/hr.

The log-mean temperature difference is:

1126°F - 142°F
AT  =

m   ln(1126°F/142°F)

= 475°F

Using a value of 9 from reference 6 for the over-all heat transfer coef-

ficient U we have:

283.1 = UAAT
m

283.1 x 106
A=

9 x 475

= 66,222.ft2
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From reference 1, the 4th quarter, 1976 installed cost per

foot for this type 6f exchanger is $47.54. Assuming 10% inflation, the

1978 price is:

r    $47.54 x.(1.1)1.5 = $54.85

Therefore, the total installed cost is:

C = A x.$54.85

= 66,222 ft2 x $54.85/ft2
p

= $ 3,632,278

The method used for calculating the required surface areas and

installed costs of steam generators is similar to the  heat exchanger

calculations.

1200 psi Heat Recovery Boiler Calculations

From Figure 2:

ms = 1,098,278 lb/hr

AT = 950°F - 569°F

Ah   = 187 Btu/lbSH

Therefore, the heat transferred in the superheater is:

 SH = 1,098,278 lb/hr.x 187 Btu/lb

 SH = 205 MM Btu/hr

The log mean temperature difference between the two streams is:

ATm = 330°F.
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From reference 2, U   6 Btu/hr-°F-ft2.

The superheater area is:

205 MM Btu/hr
A   =
SH

6 Btu/hr-°F-ft2.& 330°F

A   = 103,535 ft
2

SH

The heat transfer in the boiler is:

 B = 4 hfg

where:                                                                                   c

48 = heat trankfer in the boiler

M = mass flow of steam in boiler.

From Figure 2:

m = 1,507,922 lb/hr

This mass flow di ffers from the superheater mass flow, since

some saturated steam is extracted from the boiler for process use and

does not pass through the superheater.

From reference 4:

h   = 606 Btu/lb
fg

qB  =  1,507,922  lb/hr  x  606  Btu/lb

48 = 913.8 MM Btu/hr

From reference 2:

2
U = 6 Btu/hr-ft -°F
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and from Figure 2:

AT  = 163°F
m

AB = 913.8 MM Btu/hr  6 Btu/hr-°F-ft2 .x 163°F

AB = 934,355 ft2

where:  A  = surface area of boiler heat transfer.
B

The heat transfer in the economizer is:

 E = mcpAT

From Figure 2:

4 = 1,507,922 lb/hr

AT = 569°F - 484°F

qE = 1,507,922 lb/hr x 1 Btu/lb-4F x (569°F - 484°F)

 E = 128.2 MM Btu/hr

From Figure 2:

AT  = 85°F
m.

and from reference 2:

2
U = 9 Btu/hr-ft -°F

128.2 MM Btu/hr
A  =E 2

9 Btu/hr-ft -°F x 85°F

AE = 167,582 ft2
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where:  AE = surface area of economizer heat transfer.

The TOTAL AREA is:

A•A+A+A
T E B    SH

AT = 103,535 ft2 + 934,355 ft2 + 167,582 ft2

AT  = 1,205,473   ft
2

Installed cost per square foot was determined from Reference 2,

therefore, the cost for the boiler is:

C =1,205,473 ft2 x $15.95/ft2 = $19 527,294

..
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APPENDIX B

Electrical Power for Export

The additional electric power generated by the combined cycle

alternative was claculated by subtracting the electric power requirements

of the Oil/Gas plant from the total power produced by the combined cycle:

P  =P
net    cc -  0/9

where:

P    = excess electric powernet

P   = electric power produced by the combined cycleCC

Po/9 =
electric power required by the Oil/Gas complex

Therefore:

P    = 232.18 MW - 210.0 MWnet

P    = 22.2 MWnet
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APPENDIX C

Gas Turbine-Generator Work and Cost Calculations

For a turbine inlet temperature of 2000°F, the air to fuel

ratio calculated from the adiabatic flame temperature is 3.35.  There-

fore, the mass flow of air into the compressor is:

ma = a/f x mf

From Figure 2, mf = 1,525,407 lb/hr

ma = 3.35 x 1,525,407 lb/hr

 a = 5,110,113 lb/hr - 1419 lb/s

This mass flow dictates two gas turbines, since present designs

are limited to mass flows of air in the 750 lb/s range .  So for each(2)

turbine ma = 2,555,057 lb/hr.

Compressor power, assumine an efficiency of 87. 5% is:

WC = (ma Cp  ATa)/.875
a

where:

WC = compressor power, Btu/hr

m  = mass flow of air = 2,555,057 lb/hr

C   = constant pressure specific heat of air(3) = .28 Btu/lb.°F
a

AT  = change in temperature of air through the compressor =

(775°F - 60°F) (from Figure 2)

Therefore:

WC = (2,555,057 lb/hr x .28 Btu/lb°F x 415°F)/.875
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W  = 339.3 MM Btu/hrC

The heat transferred in the combustor, assuming an efficiency

of 98% is then:

Qin = ((4ACP ATa) + (AfCPfATf)) / .98a

where:

inQ   = heat transferred in combustion, Btu/hr

8Ta = change in temperature of the air = 2000°F - 475°F (from

Figure 2)

mf = mass flow of fuel gas - 762,704 lb/hr (from Figure 2)

Cp  = constant, pressure specific heat of fuel gas - .32 Btu/lb-°F(3)f
ATf = change in temperature of fuel gas = 2000°F - 680°F (from

Figure 2)

Q. = (2,555,000 x .28 x 1525°F) + (762,704 x .32 x 1320°F)/.981n

Q.  = 1442 MM Btu/hrln·

The power out of the turbine, assuming an efficiency of 87.5%
(8)

is:

Wt  =   (mpCp  AT ).875
P

where:

Wt = turbine power, Btu/hr

m  = mass flow of products of combustion - 3,317,761 lb/hr (from
Figure 2)

C   = constant pressure specific heat of products = .30 Btu/lb-°F(3)
P

AT  = change in temperature of products through the turbine,
2000°F - 1160°F  (from Figure 2)
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W  = 3,317,761 lb/hr x .30 Btu/lb-'F x 840'F  x .875

W  = 731.6 MM Btu/hr
t

The net power out is then:

W    . =W  -W
net    T    C

W    = 731.6 MM Btu/hr - 339.3 MM Btu/hrnet

W    = 392.3 MM Btu/hrnet

The electrical power out of the generator, assuming a 98%

efficiency, is:

P  = .98 (W   )
9         net

Pg = .98(.29307 W/Btu/hr)(392.3 MM Btu/hr)

= 112.7 MW

The installed cost for the gas turbine-generator set is $173/KW

from Reference 7.  Therefore, the total cost for two gas turbine generator

sets is:

C   = $173/KW x 2 x 112,700 KWGT
I

= $38,9·94,200
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APPENDIX D

Calculation of Steam Turbine Work and Cost

From Figure 2, the total mass flow of steam into the turbine

is 131,500 lb/hr with 109,650 lb/hr extracted at 300 psig, 619°F for the

feedwater heaters.  The power out of the steam turbine-generator is:

PST·  =   (mSE  x  811SE)   +   (mSC  x  AhSC)

where:

PST = Power out of steam turbine.

mSE = mass flow of steam extracted at 315 psi, 619°F - 109,650lb/hr
(from Figure 2)

AhSE = enthalpy change of steam extracted = 139 Btu/lb

*SC = mass flow of steam condensed = 21,850 lb/hr (from Figure 2)

Ahsc = enthalpy change of condensed steam,= 357 Btu/lb

PST = (109,650 lb/hr x 139 Btu/lb) + (21850 lb/hr x 357 Btu/lb)

P   = 23.0 MM Btu/hrST

The generator power, assuming an efficiency of 98% is:

PG = ·98 (PST)

PG = ·98 (.29307 W/Btu/hr)(23.0 MM Btu/hr)

P  = 6.6 MW
G

An installed cost of $118.4/KW for the steam turbine-generator

set is from Reference 7, and an estimate of $175,000 additional for each

extraction point was supplied by Westinghouse Co.
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the total installed cost is then:

C   = 6 600 KW x $118.4/KW + $175,000
ST    '

=  $956,440

A-

--

..
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ABSTRACT

This report examines the feasibility of replacing the low Btu

gas fired steam and power generating system in the Ralph M.,Parsons Oil/

Gas Complex with a direct coal fired steam and power generating system.

The difference in capital cost between the coal fired alternate system

and the fuel gas fired system is 36.4 million dollars.  For a savings in

coal of 586 TPD which is 1.6% of 36,000 TPD used by the Oil/Gas Complex

or 6.1 million dollars annually, the rate of return on the additional

capital investment is 8.21%..
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INTRODUCTION

This study examines using a direct coal fired steam and electric

power generation system to replace the existing low Btu gas fired steam

and power generation system in the Ralph M. Parsons Oil/Gas Complex.

Elimination of the gasifier train which produces fuel gas for the utility

boilers results in a 17% improvement in the overall thermal efficiency

of the system shown in Figure 1.

The present system is described and an alternate coal fired

system which meets plant requirements for electricity, steam and fuel gas

is developed to replace the present system.  An economic analysis shows

that a rate of return of 8.21% can be realized on the additional capital

investment of 36.4 million dollars.

PRESENT SYSTEM DESCRIPTION

The existing steam and power generating system in the Ralph M.

Parsons Oil/Gas Complex is shown in Figure 1.  The gasifier is an air-

blown, two stage slagging type, and produces 33,030 MSCF/hr of 145 Btu/SCF

gas from 472,510 lb/hr of coal, 746,600 lb/hr of char-filter cake mixture

and 22,277 MSCF/hr air.  23,300 MSCF/hr of this gas is burned in four

utility boilers producing a total of 2,871,070 lb/hr of 1215 psi, 950°F

steam while 2596 MSCF/hr of the gas is used to superheat 785,555 lb/hr

of steam generated in heat recovery boilers to 950°F.  The balance of

the fuel gas, 7134 MSCF/hr, is used in process superheaters, gas

sweetening, and sulfur tail gas processing.  Of the 3,656,625 lb/hr of

1215 psia, 950°F steam produced, 341,171 lb/hr is used for the 54,600 hp

gasifier air compressor, and 1,905,700 lb/hr is used for electric power
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W. H.B. W. H.B W. H.8 FUEL GAS·[30/vp-1       1      I    r----7   . 1 REDOX |                                                                   | 7134 MSCF,'HR

i     -t'ref-*
--'.1  W#-1- -t,W...+----,1 SULFU R I
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.FIGURE 1 RALPH M. PARSONS OIL/GAS COMPLEX STEAM AND POWERGENERATION SYSTEM
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generation in turbines 32-0101 and 32-0102 which produce a total of 210

MWE for in plant use.  The remaining 1,409,754 lb/hr of 1215, 950°F steam

is used for turbine process drivers throughout the plant.  In addition

to the 1215 psia, 950°F steam used in other areas of the plant, 54,929

lb/hr of 615 psia, 768°F steam and 87,200 lb/hr of 40 psia, 267°F steam

are used in other areas of the plant.

DIRECT COAL FIRED ALTERNATE SYSTEM DESCRIPTION

The alternate direct coal fired steam and power generation

system is shown in Figure 2.  This system produces the same amount of

steam and electric power, yet consumes 48,800 lb/yr or 586 short TPD

less of coal and 325,196 lb/hr less of char-filter cake as a result of

the elimination of the low Btu gasifier train and ancillary equipment.

The overall thermal efficiency of the alternate steam and power generation

system is 17% greater than the existing configuration (see Appendix A).

A low Btu gasifier and related equipment has been included in

the alternate system to supply processes throughout the plant which re-

quire low Btu gas.  This gasifier is similar to the existing gasifier

except that it produces only 21. 6% of the low Btu gas as the original,

i.e., 7134 MSCF/hr.  It has been assumed that the.efficiency of the smaller

gasifier is the same as the larger unit, i.e., 72.9%, where the efficiency

is the Btu value of the products out dfvided by the total Btu value of

the feed into the gasifier.  Steam generation from waste heat boilers on

the gasifier off-gas stream was reduced directly as the reduction in gas

production, and the reduction in power required for the gasifier air com-

pressor was direct also, resulting in a 11,794 hp turbine driver.  Additional

-
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FIGURE 2 ALTERNATE DIRECT COAL FIRED STEAM AND POWER GENERATION SYSTEM



VIII-9

steam was required for the S02 scrubber system, and from Appendix B is

calculated as 90,297 lb/hr at 615 psia, 768°F.  The amount of 615 psia,

489°F steam required  by  the new redox  sul fur removal system  has· been

decreased proportionally to 12,543 lb/hr.

The electric power requirements for the alternate power genera-

tion system are:

172.7 MW Process

5.2 MW . New gasifier and redox
' sulfur removal system                    

5.3 MW S02 scrubber system

14.7 MW·      ·      Utilities, including
coal fired boilers, coal

' and ash handling systems,
electrostatic precipitators

TOTAL 197.9 MW

It was assumed that the coal fired boilers consumed 1 MW more than equi-

valent gas fired boilers of the same size.  The power requirements for

the 502 scrubber system are calculated in Appendix B.

The amount of steam and electrical power required external to

the two power generation systems is equal.

The amount of steam and electric power used within the alternate

system is different, therefore, the steam extracted at various pressures

from the large turbines 32-0101, 32-0102 and also the new gasifier air

compressor turbine was adjusted to maintain the same output of steam and

power  from the alternate power generation system "control   vol ume".    The

new coal fired boilers were sized to supply the required amount of 1215,
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950°F steam, or 3,498,025 lb/hr.. Turbiqe steam requirements and boiler

calculations are given in Appendix C.

' '

ECONOMIC ANALYSIS

The difference in the insta]led costs for the two power genera-

tion systems shown in Figures 1 and 2 is the installed cost: of.equipment

added to the present system in the Oil/Gas Complex, minus the installed

cost of equipment deleted, to arrive·at the alternate system shown in

Figure 2.

· Installed costs of $25/lb-steam for coal fired boilers and $10/

(1)
lb-steam for gas fired boilers were given by Babcock and Wilcox .  The

costs include feeders, conveyors, preheaters, blowers, burners, piping,

precipitators and controls. Ash removal equipment'is not included in

the $25/lb-steam cost and has been calculated at $1,430,000 in Appendix B.

The installed cost and operating cost of the SO2 scrubber were also cal-

culated in Appendix B and are $36,970;000 and $2,332,600 respectively.

It was assumed that the operating and maintenance costs for the original

power generation system and the alternate would be equal except for the

502 scrubber operating and maintenance cost, above.  The installed costs

for the gasifier system, (unit 24), redox sulfur removal system, (unit 25),

and the process steam superheaters are from reference 14, and the new

gasifier system and redox system are calculated from these costs in Appen-

dix D.   Table 1  lists the equipment added or deleted, .and the. associated
»

costs.                                                    y

1,.-

,

r.
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' DISCOUNTED CASH FLOW ANALYSIS

The coal savings for the alternate steam and power generation

(5)system is 48,800 lb/hr.  At the 1978 price of $31.53 per ton , the

yearly gross savings for a 330 day year(14  is $6,095,600.  The net yearly

savings is $6,095;600 - 2,332,600 or $3,763,000.  For the additional

capital investment of $36,384,000, a 20 year project·life, 100 per cent

equity, the rate of 'return using a discounted cash flow analysis is 8.21%.

The yearly cash flows are presented in Table 2.

LIFE CYCLE COST OF ALTERNATE SYSTEM

If the additional capital investment  of $36,384,000 is bor-

rowed at 9% interest for a period of 20 years, the life cycle,cost is

given by:

LCC = 20 (R - C - CRF x AC)0M

'.     *

where

R = the annual savings in coal costs·1      2

COM
=the annual operating and maintenance cost

CRF = the uniform capital recovery factor, for 20 years

at 9% interest

AC = the additional capital investment required for the
'

f                                                 ·

alternate system.

Therefore:

LCC = 20·  (6,095,600 - 2,332,600 - .1095 x 36,384,000) = - $4,421,000



TABLE 1
.,.

Equipment Descriptions and 1978 Installed Costs

Equipment Quantity Total Installed Cost
Equipment No. and Description Oil/Gas / Alternate Oil/Gas / Alternate

32-1601,02,03,04  fuel gas fired boilers, 719 MMBtu/hr 4/- 28,710,000/-

Coal fired boilers*, 1048 MMBtu/hr -/A -/87,451,000

Ash Handling Equipment -/1 -/ 1,430,000

Fuel gas gasifier, process unit 24** 1/- 78,071,000/-

Fuel gas gasifier, alternate system** -/1 -/31,128,000
<

Redox sulfur removal, process unit 25 1/- 19,658,000/-           -H
-

Redox sulfur removal, alternate system -/1 -/   7,838,000       N

32-1309,1310  process steam superheaters 112.9 MMBtu/hr 21- 1,994,000/-

502 scrubber
system -/1 -/36,970,000

TOTAL 128,433,000/164,817,000

ACOST = 36,384,000

* The coal fired boilers include conveyors, feeders, blowers, all piping, preheaters, burners, controls and electro-
static precipitators.

** The gasifier system includes feeders, char cyclones, heat exchangers, waste heat boilers, slag and dust removal
equipment, precipitators, compressors, pumps and sour water removal equipment.
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TABLE 2

Discounted Cash Flow for Coal Cost of $1.30/MMBtu

******************************2**************************************

100 PERCENT EQUITY 0 PERCENT TAX CREDIT ON
9 PERCENT INTEREST 0 PERCENT OF INVESTMENT

THE CALCULATED RATE OF RETURN IS 8,21 PERCENT

YEAR GROSS CASH ANNUAL ANNUAL NET CASH DISCNTD
FLOW DEPREC TAX FLOW CASH FLOW

1 3763 4280.471.    0 3763 3420.909
3763 4012.941     0 3763 3109.917.

3763 3745,412     0 3763 2827.1983

4 3763 3477.882 0 3763 2570,18
5       · 3763 3210.353     0 3763 2336.527
6 3763 2942.824     0 3763 2124.116
7 3763 2675*294     0 3763 1931,014
8 3763 2407.765     0 3763 1755.467
9 3763 2140,235     0 3763 1595.879
10 3763 1872.706     0 3763 1450.8
11 3763 1605.176     0 3763 1318.909
12 3763 1337 .647     0 3763 1199.008
13 3763 1070.118     0    · 3763 1090.007      :
14 3763 802,5882     0 3763 990.9157
15 3763 Ir '71:r

.J Q U , 0588     0 3763 900.8324
16 3763 267,5294     0 3763 818.9386
17 3763         0            0 3763 744.4896
18 3763 0            0 3763 676.8088
19 3763         0            0 3763 615.2807
20 3763   '     0            0 3763 559.3461

TOTAL 71497 32103.53     0 71497 32036.54

NET PRESENT VALUE AT A DISCOUNT. RATE OF 10 PERCENT-4347,457

Note:  Figures are in thousands of dollars.

f
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CONCLUSIONS

The al ternate  coal   fi red power generati on system saves 48,800

lb/hr of coal or $6,095,600 annually, at an increase in capital cost of

36.4 million dollars. This yields a rate of return of 8.21% on the

capital investment.

The cost of the gasifier and redox sulfur removal system in

the alternate design'to supply low Btu gas for process use throughout the

plant is 39 million dollars. For processes which would not require low

Btu gas, the economics of the coal fired alternate would be much more

attractive.

The removal of SO2 from boiler stack gases is another major

consideration in the implementition of the alternate power generation

system.  State-of-the-art tech-ology in SO2 removal from stack gases has

encountered problems in meetir  required emmission standards, because of

(6)
equipment reliability . However, given the estimated lead time of six

years for construction of the Oil/Gas facility, there is a strong possi-

bility that problems associated with S02 removal will have been solved,

prior to start-up of the proposed plant.

7,
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APPENDIX A

Comparison of Overall Thermal Efficiencies
Fuel Gas Steam and Power Generation.System
and the Direct Coal Fired Alternate System

Cycle efficiency, n is defined as:

wnetn.-
qin

G
where,

w    =  the net work out of the system
net

q.   = the net heat input to the system.
in

From Figures 1 and 2, it can be seen that

wnet 1 = wnet 2

Therefore,

Al    in 2-=

r12   4in 1

For the values of 1130.5 Btu/lb for char-filter cake and(14)

12,125 Btu/lb for the coal used , the heat inputs for the two systems(14)

are:

 in 1 = 472,510 lb/hr x 12,125 Btu/lb + 746,600 lb/hr x 1130.5

9
= 6.57 x 10  Btu/hr

 in 2 = 423,690 x 12,125 + 421,404 x 1130.5

= 5.614 x 109 Btu/hr

(.'11..
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11    =   5.6 1 4   x   1 0 9

92   6.57 x 10
9

= .854  or  n2 =.1.17. ni
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APPENDIX B

S02 Scrubber Utility Requirements, Installed, and Operating Costs
 t it,

An SO2 scrubber system for a 500 MW power plant consumes 129,440

(3)
lb/hr of 615 psia steam and 7.6 Mw of electricity .  To obtain an

equivalent power generation output for the alternate system shown in

Figure 2, it is assumed that the net heat out of the control volume is

utilized in a Rankine Cycle with a cycle efficiency of 35%. Assuming

isentropic expansion of steam through ideal turbines to a pressure of

2.5" Hg, the net total change in the enthalpy of the streams into and

Out of the control volume is:

-9

Ah    = Ah -\ Ah
NET OUT

L        IN-

where Ah is the isentropic changi in enthalpy from the initial stream

temperature and pressure to 2.5  Hg.

From Figure 2:

ahl   -264,300 Tb/hr·   (1203.2 - 820) Btu/hr

Ah2   -399,800   (1195.6 - 880)

ah3   1,409.754   (1470 - 920)

Ah4   54,929 ' (1391 - 920)

ah5   87,200   (1169 - 950)

Ah    = 592.88 MMBtu/hrNET
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n x Ah
NET

W=

3413 Btu/hr-kw

.35 x 592.88 x 106

3413

= 60.8 MW

Assuming the fuel gas is burned in a boiler with an 85% effi-

ciency, the work available from the fuel gas is:

.,

w = 7134 x 103 SCF/hr x 145 Btu/SCF x .85 x .35
3413 Btu/hr-kw

= 90.2 MW

The total equivalent MW output for the alternate system is:

wTOTAL = 197.9 + 60.8 + 90.2

= 348.8 MW

The  615 psia.steam requirements  for  the
S02 scrubber  are:

 S =        1   129,440

348.8  1
500  j

= 90,297 lb/hr

and the electical requirements are:

1348.811   7.6 = 5.3 MW
  500 1
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502 Scrubber Installed Cost and Operating Cost

Reference 3 gives the 1978 total installed cost of a 500 MW 502

scrubber as:            ,i

$45,885,000
F

Using a .6 power law the cost for a 348.8 MW scrubbe· is:(13)

C = $45,885,000 . 34868   .6

= $36,970,000

For comparison, an approximate installed Sol scrubber cost of

$10/lb-steam was obtained from Babcock and Wilcox(1), which is $34,980,000

for the alternate power generation system.  The two cost  are within 6%

of each other.

From reference 3, the 1978 annual operating cc :s for a 500 MW

scrubber system are:

$ 1,114,000 Limestone

2,229,700 Operating manpower and
maintenance cost

$ 3,343,700 Total annual op9rating
and maintenance cost

Assuming a direct ratio between operating and maintenance cost and scrubber

size, the cost for the alternate power system scrubber is:

1348.8 1 3,343,700 = $2,332,600/yr
 500 )
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Ash Removal Equipment

From reference 4, a 1975 cost of $10.73/kw is given for coal

and ash handling equipment for coal fired boilers.  It is assumed that

1/3 of this cost is for ash handling equipment which is not included in

the installed cost of $25/lb-steam for coal fired boilers.  Using the

(9 12)Marshall and Stevens Electrical Power Industries Cost Index  '   , the

1978 installed cost for the ash handling equipment is:

1 510 1

 TLE.T     $10.73 x  
= $4.10/kw

The total cost for the equipment is:

$4.10/kw x 348.8 x 103kw = $1,430,000
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APPENDIX C

Steam Turbine and Boiler Calculations

Mass flow rates of steam from the extraction points of the new

turbine are adjusted to maintain the original net steam output and power

output from the power gener,ation "control volume" shown in Figure 2. Since

the original turbine and the alternate operate at nearly the same condi-

tions it is assumed that the turbine efficiencies are equal.  It is first

necessary to determine the efficiency of the power generating turbine in

the original system.  First the Rankine Cycle steam rate, described by:

Lb_ 2545 Bru/hp-hrRCSR "' =
Hp-hr    (hl -h  ) Btu/lbm2s

is found by using a weighted average of the available energy described by

the isentrdpic enthalpy drop across each extraction point.  For turbines

32-0101,0102 shown in Figure 1, the Rankine Cycle steam rate can be

written:

RCSR = i 2545 Btu/hp-hr
(1470-1375).066 + (1470-1300).111 + (1470-1242).126 + (1470-900).697

= 5.64 1 bm/hp-hr

The actual steam rate, ASR is:

ASR = 1,905,700 1 bm/hr
210,000 kw x 1.340 hp/kw

= 6.77 1 bm/hp-hr

Therefore, the turbine efficiency is:
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RCSR
 TURB  =   XTA-    x  1 00%

5 64
=677- x 100%

= 83.3%

The new turbines have the same efficiency.  From Figure 2, the

output must be 197.9 MW or 265,280 hp.  In addition, the required mass

flows from each extraction point which yield the same steam output from

the system are:

270,947 1bm/hr @ 615 psia, 768°F

210,633 1bm/hr. @ 315 psia, 619°F

330,071 1bm/hr @ 165 psia, 492°F

It remains to solve for m, the amount of steam condensed at 2.5" Hg.

We can write:

2545 Btu/hp-hr
RCSR =

95  270,947   + 170< 210,633   + 228  330,071.  + 570     4     

 811,615+61 / <811:, 615+m   <811,615+m  <811,615+Qij

The ASR is:

ASR = 811,615 + m
265,280

Dividing the RCSR by ASR we have:

.833 =
2545

517.7 + .00215 m
.,

F                                                 ...

-
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or

m = 1,187,094

Therefore, the total steam required for the new turbines is:

m  = 1,187,094 + 811,651
S

= 1,998,750 1 bm/hr

A similar calculation was performed on the original 54,600 hp

gasifier air compressor turbine driver, yielding a steam flow of 89,521

lb/hr for the new, 11,794 hp gasifier air compressor turbine driver.

Boiler Calculations

The amount of heat input to the boilers is:

q   = 1    SH(h2-hl) + 11'STm(h2-hf)]
in   nB

where:

98 = boiler.efficiency, assumed to be .8(1)

mSH = amount of steam entering the boiler at 1215 psia,

569°F to be superheated to 950°F

h2 = 1470 Btu/lbm, (1215 psia @ 950°F)

hl = 1183.2 Btu/Tb (1215 psia @ 569°F)

hf = 468 Btu/lb (1215 psia @ 484°F)

From Figure 2, ASH = 143, 755 1 bm/hr, and mSTm
= 3,368,717 1 bm/hr

Therefore:

9
q.  = 4.194 x 10  Btu/hrin
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In the original system, 746,600 lb/hr of a char-filter cake mixture was

fed to the gasifier along with coal in a ratio of .633 coal to char-

filter cake.  The char-filter cake mixture consists of 329,800 lb/hr of

filter-cake from the coal liquifaction process in unit ]3 of the Oil/

Gas Complex, and 416,800 lb/hr of char which is recovered from the gasi-

fier off-gas and mixed with the filter-cake to aid in drying the mixture.

The gasifier in the alternate system produces .216 the amount

of product gas as the original, therefore, the amount of char recovered

from the product gas is:

416,800 x .216 = 90,028 lb/hr

The amount of char-filter cake mixture available for the alternate system

is:

329,800 + 90,028 = 419,828 lb/hr.

The ratio of coal to char-filter cake, .633, is maintained for

the new gasifier, therefore, the amount of coal and char-filter cake

required is:

mcOAL = .216 x 472,510 1 bm/hr

= 102,062 1 bm/hr

=  102,062mCHAR .633

= 161,235 1 bm/hr
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This leaves:

419,828 - 161,235 = 258,5.93 lb/hr

of char-filter cake for the boiler.  For the char-filter cake heating

value of 1130.5 Btu/lb, the amount of coal required by the boiler can be

calculated.

4CHAR
= 258,593 lb/hr x 1130.5 Btu/lb

8
= 2.92 x 10  Btu/hr

0            - .

4COAL
= 4.194 x 109 Btu/hr - 2.92 x 10' Btu/hr

9
= 3.9 x 10  Btu/hr.

Therefore,

= 3.9 x 109 Btu/hr
mcOAL

12,125 Bru/hr

= 321,649 lb/hr.

The total amount of coal required for the gasifier and the

boiler is:

321,649 + 102,062 = 423,711 lb/hr

The savings in coal is:

472,510 lb/hr - 423,711 lb/hr = 48,799 lb/hr

or 586 short TPD
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APPENDIX D

Gasifier and Sulfur Removal System Costs

From reference 14, the 1975 installed cost for the gasifier .-'

and associated equipment is $66,563,000.  Using the Marshall and Stevens

(9,12)Chemical Process Industries Equipment Index , the 1978 installed

Cost is:

530.5
x $66,563,000 = $78,071,000452.3

Using the same index, the 1978 installed cost for the redox sulfur remo-

val system is:

530.5
x 16,760,000 ·= 19,658,000452.3

Similarly, the 1978 cost for the  superheaters in the original steam and·

power generation system is:

530.5
x 1,700,000 = $1,994,000452.3

The cost of the gasifier system for the alternate power genera-

tion system shown in Figure 2 is calculated by the .6 power law
(13)

which is:

<Capacity A )'6 _ Cost A

 Capacity B     - Cost B
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For the gasifier:

CG    = 78,071,000 1
<   7134   MSCF/hr         '6

ALT
 33,030 MSCF/hr  

= $31,128,000

Similarly, for the redox sulfur removal process:

CSR = $19,658,000 1
  7134 MSCF/hr   .6

ALT
<33,030 MSCF/hr  

= $7,838,000
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ABSTRACT

To reduce the reboiler steam required, we studied replacing

the MEA (monoethanolamine) system proposed by the Ralph M. Parsons Co.

with a DEA (diethanolamine) acid gas removal'system.  Steam consumption

is reduced by 16,000 1 bm/hr which is 1% of the total steam generated in

the Oil/Gas Complex or $317,000 per year.  In addition, there is an

annual savings of $88,000 for chemicals.  The additional capital costs

and operating expenses for the DEA system are negligible since the pro-

cess plants are equivalent.  It is therefore recommended that a DEA

system replace the MEA system as Process Unit 17 of the Oil/Gas Complex.
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INTRODUCTION

In the Ralph M. Parsons Oil/Gas Conceptual Design, the acid

gas removal system uses MEA (monoethanolamine)  to strip the dissolver

gas of H25 and CO2.  Since the MEA system has a high steam consumption,

190,300 1bm/hr, we examined the feasibility of using a DEA (diethanolamine)

which uses less steam.



.

IX-6

.Figi .16'2, · Eilm 2/ .11  17-1  17-1902 17-1303 17-110 17-130% 13-35 17-1204 17-1306

&1111 iwil 
17-10

3£ 1 1' - ..*.  i"* 0'al...1=. M.6 RSTUA' = 601 ..1(*1(< "1'#1 i*i: .a e.X * 5·-6'1.6.Waq ,·4.,.:.*if =*R=,

M. 9= Sll< STM*E i •1.
PIE=m 59128                                                                   TA=

UISTIC ST[*# 

n'-<rin 2 I01'YAI -Imla

0
 i; .Mt,                                I
m.- Mt'.--1                                                 '1''                                                                                                                                                                                                                                                                                        1 7 0 m:    %:It:v1 1.--Imifi<

®-„1't E't                                                                                                        i

LOCATE BE OR

 PlRIF %,                0           1 0        D ,                         0              "   9.
*---.I-

.Siw:               .  I ==.                 f
Z30·F

Ii'C. at/ ll

15= 1                            1=                                                                                       1                                                                                                                                                                                                1.               -(1 -11 c-!21_. -._hi•

  & 1,
.

'96 ---
N                                                      1

1 il'la                                                 - .4 RN  - 23                                                                       1
107                                                                                                                                                                               VENT                     „

I "ir  10 I 1 » I ... -                                                                                                                                                                                                                 \  '
I

,--®   T                         0                                                                                               -"
- :64

: t&, '.    A    *- 4*46 IL-llm lm,                                                                                                              .c--z--z -   „   Il.,· sruM                                                                                                                           , 1;
17.1103 -4          el 14 -1   f#<

EX'.2JF,R, g                  0                                                                                                                                                                                                                                                                                                                                                                                     1-                                                                                                                                                              ...1 .· *ft - 19

em              fil
3:-- 303·F

= 0 17-ISM.158          212                                                                                                                                                    - m. .4-r.,»--- '.-          .'. g-

.. 6* '91 asT. 4:8:                                                                      R& w*a-04   W17-llm. ill

11-139.1518  Q                                                                                                                                                                                                                         O                0 4    q  T ,OSTIC m         11-1513.1  
1/11M ;iii TI»- · F.-  +%-R

.LLS)

18·*r,                                    '                              O 9 11-103

0<            740            -rr84#  -'-p     &           1           124111 ---'.M                                                         -                                                                   9    i 'tr
Y u.lm                                                 ..6                                         4

2,-1 7/i:\  "07     1
210,1 Ma .:5  '.     DO]       1'-1== 8%.&6    1  Apsi,- 1,1,1. 1  1em *.-rte 1

<i' '.,1--tagap MI< .• 1sr, ':i il 
DRAIRS

--13--10+--1 aI. C,eint) 17-1203 -
' L _FUELUll                                                                                                                                                   .•=.      Im.R-i.B                 ' pztt·                                                            ,1 -3  5   &1%&'=l.P. STE 

.-             - ,            .-                   .0             -             - RESET-. ;                           1:0 'St,
A

-...J..
=16!81 01. 9%0=1 1,=·=ir u.1517 1,1, 17-1519 UZ *2*130  17-1509,1510 17-1511.1512 17-1513.1514

SIt 1 REFUm 81 CESTIC HBO.1- CAUSTICalt.,167/ 8 #ARE Aill,lw*li- 3 = .1„-ER M.'"/ N".F, .../.„ , 1250 6/// MI.P 14106#I 8 1113 Al aP 1435 GAI I 60 PS 1 2 50 GM i 60 PSI aP 60 Ga a 30 N aP 200 6FM 8 65 Al AP 80 RE-50-Pfrap 250 GFII 8 60 MI ap

<,         <,                    0       'll           <,        <,        <,- .- 44 0 - 0        0        900   0
r. .14- ..NM '.§2'..

.'.:: : ..:t::  .·:Xt: :..,§'.88 4. =.an. t...i... ..Zm ".„:."
4.:4 4.-'- ..m:;:

48..
'1

'.1::.:;
::.::

'.::3: ..„:::, ..!:t:
'.m:: :i '.m:: 8.,„.. 2..6.6. ::t# d ..... 1.4.

48.88 m.. '."

Ii' ., - 8.8, 1:= El ..::i:ii iii'10 -.. W...
···:i ii ·:i:E

....     iI           ....

... ... 104.11 ..S, 3.20 m....m.
:IEE ':::ii::.

-m.. ··mo e·mi .,m:Z ..ml ":m:: '·'·        16.
„·-···· ...'.,88."

r.:ix:&: ..R.
A#:            1::'.1:. i 4mj   :Ii:M 61::R :1::· „;::

.....
:E {Ii/!6. - 0.:5

il:!1„.,
'.".        ':i „         ....         .::

...„ U-.„   03 ".. 99 4,8.. ....
2--8...0 .. ....

„:0
...3 ..4, :0.--. '... .... ....                        .,„.,„., 4..'

FIGURE 1

..... 1.6, ." ..„ ... 3-- 3 „ . ...
DISSOLVER ACID GAS REMOVAL UNIT/04/4 ..".., .."            i:# .." ..,8 ,so.4.. •, ..t 

'00-1. ·,         i:2
- ....          ...1 ... ..., .. ..81 ..

.....          i:ii          ....          1:il                                                       :::z:;          t:

ii.,a. --  · :11 111      ·::9!iii
/.5,1104 .:ri: *m I . :Dsl. .4.. UN.4§ ...... m.w

..... 23.." *m 4% .....                                                ...          a -    ..Iii. ii           '.iii

6.5.4.
  Ii' a - Iiii;iii

i'..., 14'.m 8,0,8, mS-                                    -0.4. 18.- ,/„3 ..,03 '.m .... 'll„ .... ..- ..m . .'.30.
  : *    : ::                                                     From DWG.

No. R-17-FS-1 Oil/Gas Complex8"
LB/SAL L /UL L /UL Conceptual Design/Economic Analysis,

Interim Report No. 4, The Ralph M.
Parsons Co. March 1977.

. .-



I-)( 5

MEA PROCESS DESCRIPTION

A schematic,of the system designed by Parsons is given in

Figure 1.  The inlet gas composition temperature  and pressure is. given

in Table 1.  Table 1 shows that the acid gas concentration is 2.495%

(1.85% H25 + .645% (02)·
i

The Ralph M. Parsons design, calls for an MEA wash, followed by

a caustic wash (NaOH).  The reactions involved in sweetening thetacid

gas with aqueous MEA (RNH2)* are:

2RNH2   +   H25 --r"- ( RNH3 ) 25

(RNH3)2S + H2S =.r-- 2RNH3HS

2RNH2 + (02 + H20 -. '"-- (RNH3)2C03

(RNH3)2c03 + (02 + H20 Zi#fT: 2RNH3HCO3

2RNH + CO    -  RNHCOONH3R

The reactions proceed to the right at lower temperatures (in

the  contactors)  and  to  the  left at higher temperatures  (in the -stripper).

i

Thus, at 86°F (inlet gas temp.), the amines will absorb the acid gas and                                                                                                                                   i

form the amine salts.  At a temperature of about 300°F the salts disso-

(2)    3ciate, the acid gas is liberated, and the amine is available for reuse.
/                                                                                                                                             1                                                                                                                                                                                                                                                                                                                                                                                                         1

The caustic wash insures that the CO2 concentration is-brought

to less than 5 ppm.  The equations governing these reactions are:

2NaOH + (02--"- Na2C03 + H20
/,                                                                           1  ,

*where R = HOCH CH                                             
                          4

22                      4
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TABLE 1

INLET STREAM COMPOSITION FROM DISSOLVER

Moles/hr Mole %

H                           - 37,918.72 62.6
2

N 934.28 1.54
2

CO 2,667.93 4.4

C02 391.02 .645

NH                                   5.29                     '    .,.009
3

HS 1,123.60                          1.85
2

HO 49.20 .08
2

CH4 13,883.42 22.91,

C2H6 1,599.33 2.64

CH 1,428.18 2.3638
CH 472.29           '                .784 10

IBP-200°F 86.40 .14

200-300°F 29.25 .05

300-350°F 1.88 .003

350-400°F 0.22

400-450°F 0.03

TOTAL 60,591.4

lb/hr 605,464

MSCFH 23,025

..

Inlet Pressure - 1095 psig

Inlet Temp. - 86°F
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Na2C03  +  H2S,--- "- HaHS  +  NaH(03

The caustic is not regenerated.  The NaOH make-up is·approxi-

mately 6TPD.

Steam is used to reboil the rich amine solution from the Ralph

M. Parsons flowsheets which specify an MEA concentration of 18% (weight)

and a flowrate of 42850 gpm, the amine reboiler. uses 190,300 1 bm/hr  ,

(166.5 MMBtu/hr) of low pressure steam.
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ALTERNATIVE ACID GAS REMOVAL SYSTEMS

There are other acid gas removal processes available that are

more energy efficient than the amine process. Unfortunately, the par-

tial pressure of the acid gas is too small for these processes to work

efficiently(3).

DEA (diethanolamine)-offers a substantial energy savings, as

well as a savings in chemical costs. The mechanism by which it sweetens

the gas is essentially the same as MEA, and an analdgous set of reaction

equations can, be written .  The energy savings results from the lower
(2)

heats of reaction of H25 and CO2 with DEA(2).  Thus, less steam is needed
t

to reboil the rich amine solution.  The calculated steam savings per

year is 1.267 x 108 lb (see Appendix A).  The savings in chemical costs

result from a lower vapor pressure than that of MEA.  The DEA make-up

requi rements  are 50% lower  than  that  of a similar MEA system(3).,    The

resulting savings in chemical costs are $88,180.00/yr (see Appendix B).             1

Another advantage of DEA is its ability to react reversibly with

COS, unlike MEA, which reacts irreversibly.  Thus, both amines will remove

COS from the gas stream, but MEA will be deactivated, while DEA will not.

COS does exist as a trace compound in the dissolver.

With minor modification, the DEA system would utilize the same

parallel contactor system as the proposed MEA system.  A 30% DEA solution

has a slightly higher pickup rate than 18% MEA (see Figure 2) thereby cut-

ting pumping costs slightly.  Operating with the caustic wash, the 30%

DEA system will-bring (02 levels to less than 5 ppm, and H25 levels to
.:

less than .25 grain/ccf(3).
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ECONOMIC COMPARISON OF DEA AND MEA

In comparing the economics of the two systems, the following

assumptions will be made:

1.  Process plants are considered equivalent.

2.  Labor, maintenance, and startup costs are
equivalent.

3.  Caustic consumption is equivalent.

Therefore, the basis of comparison will rest solely on energy and amine

consumption.

The annual steam savings of the DEA system is $316,760.00/yr

(see Appendix A).

The annual  amine make-up cost of each system is:

MEA - $180,180.00/yr

DEA - $ 92,000.00/yr (See Appendix B)

The annual DEA make-up cost is $88,180.00/yr less than the MEA make-up

Cost.

The cost of the initial charge of chemicals for each system is:

MEA - $117,000.00

DEA - $200,000.00 (See Appendix B)

The DEA charge is $83,000.00 more than the MEA charge.

Therefore, in the first year the savings realized by the DEA

system are:  $88,180 + $316,760 - $83,000 = $321,940.  In subsequent years

the annual saving are: $88,180 + $316,760 = $404,940. Overthe twenty year

life of the plant $8,015,800 is saved, in 1977 dollars.
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CONCLUSIONS AND RECOMMENDATIONS

Since the DEA system meets the required 'plant speci fications "

(<5 ppm (02, <·25 grain/ccf H2S) and saves a significant amount'of energy

as well as chemicals, it should be used.  There exists an additional area

for energy savings in the DEA system.  A step-down turbine installed be-

tween the contactor and the surge tank could supply up to 50% of the

shaft power required to·drive the high pressure amine pumps.   This is

1200 Hp or $177,000 savings per year for electricity at .025   $/icw...1 6).
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APPENDIX A

ENERGY SAVINGS OF DEA SYSTEM

The following assumptions will be made:

1.  Specific heats of 18% MEA solution and
30% 0EA solution are equivalent.

2.  Flow rates of MEA and DEA are equivalent.

3.  Saturated steam @ 50 psia is condensed
to saturated liquid @ 50 psia in the
reboiler of both the MEA and DEA systems.

(6)
4.  The cost of low pressure steam is $2.50/mlb

The heats of formation of CO2 and H2S for the·two amine systems

are:

MEA - H25:  820 BTU/lbm

CO ·:     825  BTU/lbm
2

DEA - H S:  511 BTU/lbm
2

(02:  653 BTU/lbm

The mass flow rates of H25 and (02 are:

H25:  38277 1 bm/hr

CO :  17208 1 bm/hr
2

The energy savings per year of a DEA system can be calculated

as follows:

H2Sf (820-511) BTU/lbm-H25   38277 1bm-H25/hr'· 7920 hr/yr*

10
= 9.37 x 10 BTU/yr

(02: (825-653) BTU/lbm-(02 ' 17208 1 bm-C02 hr · 7920 hr/yr

10
= 2.34 x 10 BTU/yr

10
Total savings per year:  11.71 x 10   BTU/yr.

*Basis - 330 Day yeat
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i

From the first laW of thermodynamics:

Q=M(h-h2)
@ 50 psia, hg - hf = 924.2 BTU/lbm.

·            10
Q   =   11.71   x· 10 BTU/yr.

Therefore, the amount of steam saved is:

M= Q/(hl -h) = 11.71 x 1010/924.2 = 1.267 x 108 1 bm/yr2'

which is a dpllar savings of:

1.267 x 108 1 bm/yr   1 mlb/1000 1bm ' 2.50 $/mlb

= 316,670 $/yr
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APPENDIX B

CHEMICAL COSTS FOR DEA AND MEA SYSTEMS

Assumptions:

1.  Caustic consumption is the same for both the MEA

and DEA systems.

2.  DEA make-up is one-half MEA make-up.

Initial Charge:

MEA, 18% solution:- 300,000 1bm @ .39 $/lbm(3)

$117,000.00

DEA, 30% solution:  500,000 1bm    @ .40 $/lbm(3)

$200,000.00

Therefore the additional initial lost for the DEA system is:

$200,000 - $117,000 = $83,000

'

Annual Make-Up:

MEA solution:  462,000 1bm/yr@ .39 $/lbm

$180,180.00/yr

DEA solution:  230,000: lbm/yr @ .40 $/lbm

$92,000.00/yr

The DEA system saves:

$180,180 - $92,000 = $88,180 per year

-

&
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PREFACE

Improving power plant efficiencies is receiving ever-increasing

attention today because of the realization that our fossil fuels

are in finite and dwindling supply.  Most experts agree that coal

is plentiful enough to warrant its use on a much.wider scale for

power production in order to provide a near-term solution to the

energy crisis.  Coal gasification provides a relatively simple

(and economical) way to remove the sulfur from the coal.  Moreover,

the combined-cycle concept may be used to help boost overall plant

performance.  This study shows how these two concepts may be

integrated for the production of electrical energy.  Indeed, seeking

the optimal plant design results in energy conservation in its most

basic form.

One of the key results pertains to the design constraints

provided by the federal emission standards.  Without consideration

of·the pollution criteria, a station efficiency of 41 percent may

be expected; this is equivalent to a station heat rate of only

8300 Btu/kwhr.  With consideration of the criteria, the station

efficiency is reduced to about 37 percent or to a heat rate of

9200 Btu/kwhr.  It is readily seen that meeting the pollution

criteria requires an additional 900 Btu of energy for each kilowatt-

hour of electrical energy produced.

Overall performance may be improved substantially by increasing

the gas turbine inlet temperature from 2000 to 2400°F.  A 400°F

increase in this parameter improves the station efficiency by about

X-ii
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5 percentage points to nearly 42 percent or by about 1100 Btu/kwhr

to a station heat rate of only 8100 Btu/kwhr, with consideration

of the pollution criteria.

Clearly vast amounts of energy may be conserved by improving

power plant performance.  Although the pollution criteria take

their toll on station efficiency, the next generation of gas

turbines should make this integrated gasification and combine

cycle concept very attractive from an energy utilization viewpoint.

The research reported in this document was conducted by

F. L. Stasa as a PhD thesis in the Mechanical Engineering Department

at Carnegie-Mellon University.  J. F. Osterle was his thesis adviser.

The work was partially supported by the subject DOE Contract.
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ABSTRACT

Thermodynamic models of both an adiabatic and an endothermic coal

gasifier integrated with either a waste heat combined cycle, or a super-

charged boiler combined cycle are developed and incorporated into a

Fortran computer program.  The adiabatic gasification process requires

air and steam, while the endothermic gasification process requires only

steam.  The former produces a low-Btu power gas, and the latter an inter-

mediate-Btu power gas.  Most of the sulfur in the coal is removed after

the gasification step in the form of hydrogen sulfide.  The resulting

relatively clean power gas fires the combined cycle which is composed

of an open Brayton cycle and a superheated regenerative Rankind cycle

without reheat.  Certain components are added to each configuration in

an effort to improve thermodynamic performance, with the effect of each

clearly noted.  Each configuration is optimized with respect to certain

key operating parameters, with and without consideration of the power

plant emission standards established by the federal government through

the EPA.  Total consumable water requirements and steam cycle heat

rejection requirements are also noted.  Certain key parameters, like

coal composition, are varied and the effect on performance is noted.

From the results, it appears that a minimum number of feedwater

heaters should be used.  Intercooled air compressors are not warranted.

At least one regenerator is crucial to the success of the two configu-

rations employing adiabatic gasifiers.  Without consideration of the

pollution criteria, the waste heat configurations are superior to the
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supercharged boiler by more than 5 percentage points on station efficiency,

with 41 percent for the former and only 36 percent for the latter.  All

station efficiencies include a 10 percent penalty for station loads.  With

consideration of the criteria, the station efficiencies for,each configura-

tion are within 1 percentage point of each other when flue gas recirculation

is used as a means to control the amount of nitric oxide which enters the

atmosphere. 'With a gas turbine inlet temperature of 2000°F and with consid-

eration of the pollution criteria, the configuration employing an adiabatic

gasifier and a waste heat system is marginally the best with a station

efficiency of only 37 percent.  The success of power generation schemes

utilizing integrated gasification and combined cycles appears to be depen-

dent on an increased gas turbine inlet temperature; for a 400°F increase,

the station efficiency improves by 5 percentage points.
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CHAPTER 1

OBJECTIVES

The primary objective of this dissertation is to provide a unified and
consistent thermodynamic treatment of integrated coal gasification and

combined cycle power plants.  Two coal gasification processes and two com-

bined cycle concepts will be integrated to produce four possible plant

configurations.  The best configuration will be sought with respect to

thermodynamic performance which is defined qualitatively as usable energy

output compared to energy input.  Later it will be seer that the station

efficiency will be used to quantitatively assess the cycle performance.

Beginning with the four basic cycle configurations, certain compo-

nents will be added in an effort to improve the performance.  It will be

instructive to take each of these potential improvements in turn and to

note the effect on each configuration.  The purpose of this is to see

more clearly the effect of adding a particular component.  We shall see

that performance is not always enhanced by adding equipment usually

associated with improving overall efficiency.

Having done this preliminary "optimization" with respect to com-

ponents, we shall then optimize each configuration in turn, trying to

seek the best configuration.  In order to see more clearly the effect

of meeting the federal emission standards with respect to nitrogen oxides,

this optimization will be done first without consideration of the appli-

cable criterion.  From the outset, however, the criterion on sulfur

dioxide will be met since one of the primary reasons for coal gasifi-
cation in the first place is to provide a relatively easy way to remove
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most of the sulfur from the system well before the products of combustion

enter the stack.  The effect on cycle performance of meeting the nitrogen

oxide emission criterion  via  flue  gas reci rculation  will be clearly

identified.

With each configuration optimized and designed to'meet the federal

emission standards, other important results will:be given.  Among these

are the consumable water requirements and steam cycle heat rejection

requirements.  .For completeness, typical compositions of the gas leaving

the gasifier and the gas leaving the combustor will also be noted.

Finally, parametric studies on some key parameters will ·be pre-

sented.  Included in these are coal composition, regenerator effective-

ness,  pressure  drop and .component effi ciencies, boiler pinch point

, temperature difference, and gas turbine inlet temperature.

The relevant results are presented in Chapter 5 with the conclusions

and recommendations for further study in Chapter 6.  It should further

be  noted  that,  as  much  as is feasi ble, off-the-shelf equipment<  is  to  be

used.  For example, currently available gas turbines with a peak tem-

perature of 2000°F are used instead of advanced technologies like air-

or water-cooled turbines.  Consequently, it is believed that the results

to be presented later are indicative of the performance that can be

expected with the technology of today.

It should be noted that economic considerations are outside the

scope of this dissertation.  This very important facet of the design

problem is necessarily outside the realm of thermodynamics, since

equipment would first have to be sized.  Hopefully, this disseration

may provide the starting point for such an.extension to this work.
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CHAPTER 2

INTRODUCTION

2.1  Combined Cycles
..

Before describing two primary types of combined cycles, let us motivate

the reason for considering combined cycles in the first place.  Consider the

thermodynamic cycle of a simple heat engine whose schematic is shown in

Figure 2.1-1.  Let us take QI units of heat from a high temperature reser-

voir, let it be the heat source for a heat engine that operates in a cycle,

and extract W12 net units of work.  The second law of thermodynamics requires

that heat be expelled from the cycle to the low temperature reservoir.  Let

the amount of rejected heat be Q2.  The first law of thermodynamics requires

that

Ql = w12 + QZ (2.1-1)

The cycle efficiency n is defined to be the ratio of the net work W12 to

the heat input Ql, or

n = WIL
Qi                                                           (2.1-2)

Now consider two such cycles in series, as shown in Figure 2.1-2.

We shall refer to this arrangement as a combined cycle.  The heat Ql from

the high temperature reservoir drives the first heat engine which produces

net work W12·  The amount of heat rejected to the second cycle is Q2.  In

this cycle, W23 net units of work are produced.  The second cycle then

expels Q3 units of heat to the low temperature reservoir.  To make our

discussion more general and closer to our observations of the real world,

let us further assume that Q£ units of heat are transferred directly to
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the low temperature reservoir from the first engine; thus, Q£ represents a

heat loss.  This is shown by the dashed line in Figure 2.1-2.  The thermo-

dynamic efficiencies for the first heat engine alone, the second heat engine

alone, and for the two engines combined become respectively

W12 (2.1-3)
111 - Ql   

W23                                                         (2.1-4)
n2 = Q2  '

and        W 12 + w23                                                (2.1-5)
occ r    Qi

If B is defined to be the ratio of the heat loss Qp to the heat input to
..··

the second cycle Q2, we may write

QZ

B=Qi.. (2.1-6)

Then using Equations (2.1-3) and (2.1-4) in Equation (2.1-5), the following

expression results for the combined cycle efficiency in terms of only nl,

42' and B:

 1-nl  (2.1-7)
occ   =   n i   +    IT:i:E   J    n2

From the definition of 8, note that B=O corresponds to no heat loss from

the first heat engine.  If B is infinite, then no heat is transferred to

the  second ·heat engine  and the combi ned  effi ciency n should be equal toCC

41.  This last observation is consistent with Equation (2.1-7).

Let us examine the implications of Equation (2.1-7). Considering the

abscissa to be n2 and the ordinate n  . Equation (2.1-7) represents a
CC.

straight line with ni as the y-intercept and the quantity (1-ni)/(1+B) as
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the slope.  Clearly, the presence of B in the denominator of the expression

for the slope serves to reduce n  .  The best combined cycle efficiency isCC

obtained when B is zero.  When B is one, half of the heat "rejected" from

the first heat engine is lost and half drives the second heat engine.  Let

us plot n   versus T12 with ni as a parameter for these two values of B, asCC

shown in Figure 2.1-3.  In this figure, the solid lines correspond to 8=0

and the dashed lines to B=1.

Consider first the case of no heat loss (B=O).  From Figure 2.1-3 it

may be seen that n is always greater than both ni and 02·  For example,CC

if nl=0·25 and 02=0•25, than n  =0.44 which- represents a ·significantCC

increase.  A considerable amount of additional work, therefore, may be

obtained by connecting two cycles in series thermodynamically.  Let us

now see how the·presence of a heat loss affects the combined cycle

efficiency.

Consider the case of a heat loss from the first heat engine to the

low temperature reservoir such that Q£=Q2 or B=1.  From Figure 2.1-3 it

is seen that for the example above now n  =0.34, instead of 0.44 as before.CC

This clearly indicates that the efficiency of a combined cycle may be

improved significantly over that of both the individual cycles by reducing

the heat·loss from the first cycle.  This assumes, however, that ni and

n2 remain unchanged, which is unlikely.  From the definition of B, it is

seen that B may be decreased by reducing Q£ or by increasing Q2.  Making

Q2 larger with B fixed, however, necessarily lowers nl·  Let us .derive
ah alternate expression for n that will prove to be more useful than

CC

Equation (2.1-7) in explaining some of the results to be shown later in

Chapter 5.
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An equivalent expression for n is given byCC

11 =1- £ +Q 3 (2.1-8)
CC          Ql

and for n2 by

02=1-  1 (2.1-9)
42

Solving Equation (2.1-9) for Q3 and substituting this result into Equation

(2.1-8) gives

0   -1. 1%+ Q:1   Q,
CC       l   Qi  j + 5142

(2.1-10)

As we shall soon see, a practical application for this combined cycle

concept is the gas turbine cycle combined with a steam cycle.  Reducing the

heat loss.Q£ from the first or gas cycle will be tantamount to reducing

the heat transfer to the environment, including stack gas losses.  Chang-

ing the heat input Q2 to the second cycle will be equivalent to changing

the heat transfer in the boiler from the gas cycle to the·steam cycle.

It can be easily shown that the above combined cycle concept is

superior to an ordinary gas cycle with regeneration.  Let us assume that

again the gas cycle efficiency (or nl above) is 25 percent.  In addition,

we conservatively assume that as much as 50 percent of the rejected heat

is used to help provide the heat input to.the cycle by regeneration.

This last assumption will put an upper bound on the gas cycle efficiency

with regeneration, since it is unlikely that 50 percent of the heat

source could be provided by this method.  Let us arbitrarily normalize

this brief calculation on 2 units of work.  As shown in Figure 2.1-4,
-\

this implies 8 units of heat into the cycle with 3 coming from the
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regenerated rejected heat and 5 coming from the high temperature reservoir.

Only 3 units of heat are actually rejected to the low temperature reservoir.

Again we see that the engine by itself is only 25 percent efficient, but

the  enti re system taken together  i s 40 percent efficient. The combined

cycle above was shown to have an efficiency as high as 44 percent under

consi stent assumpt·ions. Clearly, the combined cycle concept  has a higher

potential to boost overall plant performance.

In summarizing, application of the combined cycle concept could

result in a significant increase in thermodynamic efficiency. Better

overall performance can be expected for the combined cycle than for the

simple gas turbine cycle with regeneration.  Two feasible gas-steam

combined cycle concepts will now be discussed: the waste heat system

and the supercharged boiler system.

A simple gas turbine cycle is shown schematically in Figure 2.1-5.

Note that this is an open cycle, since the air and fuel, presumably in

a different chemical form, are eventually expeTled to the atmosphere.

Air is compressed by.a compressor to an elevated pressure, mixed with

fuel, and burned in the combustor.  The hot product gas then expands in

the gas turbine where useful work is done by the fluid before being

expelled to the atmosphere.  This cycle is known as an open Brayton

cycle.  The purpose of the cycle, of course, is to produce net work.

We shall see in Chapter 5 that this cycle by itself is not very effi-

cient, but its use in combined cycles significantly enhances ,the overall

cycle performance.  Typical gas turbine exit temperatures are in excess
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of 1000°F.. There is enough sensible heat in this exhaust gas to generate

a significant amount of superheated steam in a steam cycle.

A simple schematic of a closed. steam cycle .is shown in. Figure 2.1-6.

In fact, this particular cycle is known as a Rankine steam cycle.  Steam

which is generated  in the boiler  from an external ,heat source  i s. expanded

in a steam turbine to a very low pressure. The fluid is then condensed in

a condenser before it, is pumped back into the boiler to continue the cycle.

As mentioned above, there is sufficient sensible heat in the gas turbine

exhaust .to supply the heat necessary in the boiler to raise about 1000°F

superheated steam.. The efficiency for this steam.cycle,can be quite  good

when improvements to the cycle are made, such as regenerative feedwater

heating.  .Let us now expound on the concept of the waste heat system

It  has al ready been agreed  that  it  is  feasible  to  use  the  gas  turbine

exhaust. to provide the heat needed in the boiler.  Because the waste heat

from the gas cycle is being used in this boiler, it is,referred to as a

waste heat boiler.  The resulting combined gas and steam cycle, or com-

bined cycle for short, will .be referred to as a waste heat boiler system

or even a waste heat system.  As discussed in more detail in the next

chapter, the waste heat boiler is composed of three sections: the super-

heater (SH), the evaporator (EV), and the economizer (EC).  Suffice it

to ·say now that the exhaust gas passes through the gas-side of the waste

heat boiler in the order of superheater, evaporator, and economizer and

leaves the system through the stack.  In Figure 2.1-7 the path of the

gas  .from the. combustor  to the stack is summarized. Because of metall ur-

gical considerations, .the gas. turbine inlet temperature for land-based
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operation may not exceed 2000°F based on present technology.  Because the

adiabatic flame temperature of the gas is much higher than this, the gas

will have to be burned with a great amount of excess air.  The excess air

serves as a diluent, of course, since it will enter the combustor at a

temperature significantly below the adiabatic flame temperature.

A second feasible way in. which the Brayton and Rankine cycles may be

incorporated into a combined cycle will now be discussed.  Instead of

expanding  the  gas  in 'the gas turbine before allowing  it to enter the  boi ler,

let us try to do the reverse; that is, let us try to burn the gas in the

combustor, generate steam in the boiler, and then expand the gas in the

gas turbine.  First it should be noted that if the economizer is before

the gas turbine, the gas turbine inlet temperature will be necessarily

too low to produce a significant amount of work.  As a minimum, the gas

turbine will have to be located upstream of the economizer.  Second it

should be·noted that the highest possible turbine inlet temperature,

2000°F, should be used to get the best cycle efficiency.  In order to

have  2000°F gas after the superheater .and evaporator,  a gas temperature

much higher than this is needed at the inlet to the evaporator and

superheater sections of the boiler; that is, the gas should be burned

with a minimum of excess  air in order to obtain  a gas temperature  near

the adiabatic flame temperature.  Finally, because of the extremely high

combustor exhaust temperature, the evaporator section must be.placed

upstream of the superheater section with respect to the gas-side flow.

The reason for this, of course, is that the boiling in the evaporator

section results in much higher heat transfer coefficients than the
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single-phase heat transfer which occurs in the superheater.  The high heat

transfer coefficients due to boiling in the evaporator can better accom-

modate the high heat flux associated with the very hot combustor exit

gas.  The path of gas from the combustor to the stack is summarized in

Figure 2.1-8.

This arrangement of gas cycle and boiler components will be referred

to as a supercharged boiler, and a combined cycle which uses this type

of boiler will be referred to as a supercharged boiler system.  Note that

the distinguishing feature between the two combined cycle concepts that

have been discussed is the path of the gas through the combined cycle

along with the resulting implications.  In the waste heat system, the gas

proceeds from the combustor to the gas turbine followed by the waste heat

boiler.  In the supercharged boiler system, the gas proceeds from the com-

bustor to part of the supercharged boiler before going to the gas turbine

and finally the economizer.  The implications are that the gas for the

former must be burned with a large amount of excess air and that for the

latter with a minimum of excess air.

As  we  shall   see  in  the next chapter,  this di fference between  the  two

combined cycle concepts results in two different modes of operation for the

combustor model.  For the waste heat system, we shall want to specify the

turbine inlet temperature (which is the same as the combustor outlet temper-

ature) with the amount of excess air to be calculated.  For the supercharged

boiler system, it will be convenient to be able to specify the amount of ex-

cess air to be supplied to the combustor with the combustor exit temperature
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to be calculated.  These modes are easily accommodated in our model as we

shall see in Section 3.2.

Next, coal gasification is examined as a means of providing a clean

gaseous fuel source for the two combined cycles that have just been discussed.

2.2 Coal Gasification
1

Let us define coal gasification as a process which converts coal into a

gas which contains combustible chemical species.  We shall see shortly some

of the ways in which coal gasification may be accomplished.  Also, we shall

examine how the various processes affect the heating value of the gas which

is produced, eventually limiting these alternatives to only two: adiabatic

gasificatioh of coal with air and steam and endothermic gasification wi·th

steam only.  Let us initially limit the discussion to pure solid carbon (C)

instead of the more problemsome coal to establish the distinguishing features

of· the various 'coal gasification processes. Of course,  in the final analysis

the carbon will be replaced by coal, which will significantly increase the

complexity of the analysis.

Let us try to put coal gasification into perspective by considering

first the basic combustion reaction of pure solid carbon (C) with stoichio-

metric air.  For added simplicity, let us assume only nitrogen (N2) and

oxygen (02) are present in the air. The reaction equation is

C(4) + 02 + 3.76N2 + (02 + 3.76N2 (2.2-1)

where (6 ) denotes the solid phase and where it has been issumed that there

are 3.76 moles of N2 per mole of 02 for the air for these simplified calcu-

lations only.  Let us now consider a hypothetical experiment in which the
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1

reactants enter a combustion chamber in a steady-flow process at ambient

conditions and the products leave at the:.same conditions. Approximately

14,100  Btu  of  heat per pound of carbon  will be given  up  to  the envi ronment

during the process  and the product  gas  will   have no heating  value;.  that  is,
the carbon dioxide (C02) is not capable of further combustion·in air..· In

this somewhat simplified discussion the distinction between high and low

heating values will not be made.

Next the carbon is reacted with only half of the stoichiometric air

according to the following reaction

C(4) + 1/2 02 + 1/2(3.76)N2 + CO + 1/2(3.76)N2 (2.2-2)

Instead of forming C02, the reaction produces carbon monoxide (CO), which
'

has a non-zero heating value since CO can be burned further in air to form

(02.  If the same type of experiment described above is performed, now only

3960 Btu of heat are given 8ff per pound of carbon.  However, the heating

value of the CO makes up the difference.  The reaction has produced a gas,

composed of CO and the diluent N2, which has an effective heating value of

about 110 Btu per standard cubic foot (Btu/SCF) of product gas.  It is

important· to remember that heat is released for this reaction.  To put
this in perspective, let us compare this heating value to that of natural

1 '

gas which is approximately 1000 Btu/SCF.  It is readily seen that the gas

which was produced has about only 10 percent of the heating value of natural

gas.

Ih  order to elWminate. the 'di luent  N2  from the product  gas, the carbon
1 ·

may be reacted with half a mole of pure 02 according to
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C (6)   +   1/2   02  + CO (2.2-3)
.

in  which  only  CO is produced. Again this gives up about 3960 Btu  of  heat,

but.the. heating value of the gas is now 310 Btu/SCF of product gas, or 30

percent of that of·natural gas.  However, the chief disadvantage of this

process lies in the fact that pure 02 is needed as a reactant.  Let us now

show  how just about the same heating  value  may' be obtained without  the  use

of pure 02•

-  Let us react the pure. solid carbon with steam and, according to
the following balanced chemical equation, produce CO and H2 (hydrogen)

gases.

C(d) + H20(9) + CO + H2 (2.2-4)

This reaction is endothermic, however, and kequ,DieA about 9400 Btu of heat

if the same kind of experiment is performed.  However, a gas has been

produced ·that has a heating value .of about 290 Btu/SCF without the use .

of pure 02•  It is important to keep in mind that heat is required to

effect this reaction.

Let us .follow the usual convention used in the literature and re fe r

to a gas with a heating value in the range of 0 to 200 Btu/SCF as. a low-

Btu  fuel  gas,  one  in the range  of 200  to 400 Btu/SCF  as an intermediate-

Btu fuel gas, and one above 400 Btu/SCF as a high-Btu fuel gas.  Natural

gas and synthetic natural gas, of course, are included in the last category.

Several coal gasification processes exist which produce a high-Btw gas.

These processes are considerably more complex than those described above

and require much additional equipment.  Also, it makes no sense to produce
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a  high-Btu  gas .to be burned 'and  used  in an electrical power generation scheme.

We shall See in Chapter 5 that very high flame temperatures are possible

with a low- or intermediate-Btu gas.  Let us restrict out attention, there-

fore, to only these two types of power gases.

It  is. instructive  to  summarize the above gasification reactions.    By

reacting carbon with half stoichiometric air, a low-Btu fuel gas was obtained,

but heat was peduced. By reacting carbon with pure 02, an intermediate-Btu·
fuel gas resulted with heat again being produced. ·By reacting carbon with

steam, an intermediate-Btu  fuel   gas was produced  but  heat was .tequ.Oted.     Let.

us now eliminate the process which requires pure 02 from further consider-

ation on the grounds that an expensive oxygen plant would be required and

that an intermediate-Btu gas may be obtained by the endothermic reaction of

carbon with steam anyway.  It is. rather easy to see that if the reaction in

Equation (2.2-2) releases heat and the reaction in Equation (2.2-4) requires

4    heat, then the two could be combined in such a way as to have no net heat

transfer.  We shall refer to this gasification process of carbon (and later

coal) with steam and air with no net heat transfer as adiabatic gasification

for short. In Chapter 5, it will be seen that this process produces a low-

Btu fuel gas with a heating value of about 150 Btti/SCF, since the diluent

N2 is present in a significant amount from the air that is used.  We shall

refer to the gasification process of carbon with steam (and no air) and

with heat transfer ·to the process as endothermic gasification for short.

It will be seen that this ,process produces ian intermediate-Btu fuel gas

with a heating value of about 300 Btu/SCF.

It should be noted ·that later when the carbon is replaced by coal,

compounds.containing sulfur will be formed.  Most of the sulfur fortunately
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ends up.as hydrogen sulfide (H25) and a much smaller amount as carbonyl

sulfide (COS).  In the next section the implications of this are discussed.

It is appropriate at this point to state some of ·the advantages of

coal gasification to power an electrical power generation plant.  The fact

has been established that combined cycles have a high potential.· to increase

overall power plant efficiency.  It then followed that a gas and steam

cycle could ·be combined in such a way to achieve this objective. Using

natural gas or oil for this purpose may be ruled out because these sources

are expected to be in short supply in the near future.  Because of the

high potential·for blade erosion problems in gas turbines using the products

of combustion from coal, a·relatively clean fuel is needed in order that
,

the working fluid in the gas cycle also be relatively clean.  Coal gasifi-

cation provides such a fuel because.proven technologyi is already.available

to clean the sulfur compounds (and particulates) out of the fuel if low

temperature cleanup is accepted. In addition, it is more economical i to

clean gas at elevated pressures (which we shall do) than at low pressures,

and as we shall see in Chapter 5, there is a sigpificant reduction in the

amount of gas to be cleaned if it is cleaned before any combustion takes

place.  It is felt that these advantages provide enough incentive for

looking for ways to utilize our most abundant, albeit dirty, domestic

energy source. Coal gasification provides   such a means.

It will be necessary, then, to operate· the gasifier in two distinct

modes: adiabatic·gasification of coal with air and steam and endothermic

gasification of coal with steam only.  In the next section a possible

source for the heat needed for the endothermic process will be identified.

Also, it will be seen how these two gasification processes may be
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integrated with the two combined cycle schemes to form four different

electrical power generation plants.

2.3  Combined Cycle Power Plants Integrated with Coal Gasification Systems

In the last two sections, two practical combined cycles and two feasible

coal gasification processes were discussed.  This suggests four different

possible cycle configurations: (1) an adiabatic gasifier integrated with a

waste heat system, (2) an adiabatic gasifier integrated with a supercharged

boiler system, (3) an endothermic gasifier integrated with a waste heat

system, and (4) an endothermic gasifier integrated with a supercharged

boiler system.  Each of these basic configuration descriptions will now be

used to put together the simplest possible cycle for each configuration.

As will be seen shortly, each .configuration will require the following com-

ponents: a gasifier, air compressors, a steam generator, a gas throttle

valve, a gas cooler, a combustor, a gas turbine, either a waste heat boiler
..        t

or a supercharged boiler, steam throttle valves, steam turbines,.pumps, and

a condenser. In addition, a low temperature desulfurization process is

needed in which unwanted species from the power gas are removed.  Low

temperature cleanup is .used since proven technology already exists for it.
It will be seen later that one such system could be the Benfield process.

Let us now take each of these configurations in turn and lay out the sim-

plest possible component arrangement.

2.3.1  Adiabatic Gasifier Integrated with Waste Heat System

It should first be noted that it is necessary to operate the gasifier

under pressure, since the power gas is to fuel the Brayton cycle.  An air.
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compressor is needed in brder to supply the air for the gasification process.

Since adiabatic gasification requires steam, a steam generat6r is required

to generate the steam under pressure with the water being supplied by a

pump.    Since  it will ·be possible to produce  a  very hot power' gas,  some of

the sensible heat in this gas may be used to generate the tequi 'red steam.

This is not only feasible but also desirable, since the gas must be cooled

anyway for the low-temperature cleanup process.  Obviously, high temperature '

cleanup would be more efficient, but it is not yet technologically nor

economically proven. A throttle valve will be placed in- the gas flow path

to make the operating pressures in the gasification and combustion systems

compatible.

Because the steam generator will not necessarily be able to lower the

gas temperature to within the operating range of the desulfurization process
/'.f

(between 200 and 260°F), a gas cooler will be needed to accomplish this.

After t'ie "dirty" power gas is cleaned via the desulfurization process to

a specified purity, the "clean" gas is then burned in a combustor under

pressure with the air supplied by a second air compressor.  The hot com-

bustor product gas is expanded in a gas turbine.  The turbine exhaust gas

then is used to supply the h at to the waste heat boiler, where superheated

steam is generated for the Rankine cycle.  The steam is expanded in a steam
'

1                                                         '

turbine with the turbine exhaust being condensed in a condenser.  A feed-

water pump is used to supply the feedwater to the steam-side of the waste

heat boiler which operates under pressure, of course.

' This relatively simple basic arrangement and all modified versiohs of

it are' hereinafter referred to as Configuration 1. A simplified schematic

of this configuration is shown in Figure 2.3-1.  The schematic representation
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of each component will-be formally introduced in the next chapter, where

each component model is described.  To avoid ambiguity on the schematic of

Configuration 1 and on the other three schematics later, each component is

labeled explicitly.  Simplified schematics for the steam generator and

waste heat boiler are used at this point.

2.3.2  Adiabatic Gasifier Integrated with Supercharged Boiler System

As the description of this configuration suggests, a system similar

to that of Configuration 1 is sought, but the waste heat boiler is to be

replaced by a supercharged boiler.  The portion of the system·from the

gasifier to the combustor and its air compressor remain unchanged.  However,

the product gas from the combustor now enters the evaporator and superheater

secti ons  of the supercharged boiler before  the gas turbine. The exhaust

gas from the turbine then passes through the economizer section of the

boiler.  The steam cycle is identical to that of Configuration 1 and will

not be discussed again here.

This arrangement, hereinafter referred to as Configuration 2, is shown

schematically in Figure 2.3-2.  Note that again a simplified reoresentation

is used.

2.3.3  Endothermic Gasifier Integrated with Waste Heat Boiler

Recall that, for endothermic gasification, coal is gasified with steam

only.  It follows that the air compressor serving the gasifier must be

removed from the systems shown thus far.  In addition, a provision for heat

transfer to the gasifier must be included since endothermic gasification

is desired.  Because the gasifier could conceivably operate at high
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temperatures (presumably well above 1000°F), a high temperature heat source

must be used. Clearly, the combustor provides such a source, and by using

some heat transfer medium, heat can be removed in the combustor and trans-

ferred to the gasifier.  The technical feasibility of accomplishing this in

practice will be discussed in Chapter 5.  From the combustor to the stacks

the gas cycle and the steam cycle remain the same as in Configuration 1.

This basic arrangement shall hereinafter be referred to as Configuration 3,

which is shown schematically in Figure 2.3-3.

2.3.4  Endothermic Gasifier Integrated with Supercharged Boiler

Clearly for this configuration the gasification system of Configuration

3 must be integrated with the combined cycle arrangement of Configuration 2.

Indeed, nothing is new at this point.  This cycle arrangement represents

the final configuration and is shown schematically in Figure 2.3-4.  This

basic arrangement shall hereinafter be referred to as Configuration 4.

2.3.5  Remarks

Four basic cycle configurations have been developed which incorporate

two gasification processes and two combined cycle systems.  For each of

these configurations, the open Brayton cycle and Rankine steam cycle are

used.  The components have been arranged in the simplest possible manner

under the constraints of each respective configuration.

These four configurations represent the starting point from which the

cycles may be optimized and improved.  Recall that one of our goals is to

improve the performance of each cycle by setting optimum operating conditions
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and by adding components where necessary.  This objective as well as the

others stated in Chapter 1 can only be met through very tedious calcula-

tions, since the cost of an experimental undertaking would be extremely

prohibitive..  The need for a mathematical model of each configuration is

obvious.  This aspect of the problem is approached by modeling each compo-

nent separately, which is done in Chapter 3.  Also obvious is the need for

computer capability, since it will be necessary to calculate the performance

for many different operating conditions.  The component models developed in

Chapter 3 are used in the computer program, which is fully described in

Chapter 4.  Finally, in Chapter 5, an attempt will be made to improve the

basic cycle configurations shown in Figures 2.3-1 to 2.3-4 by adding

components and by specifying optimum operating conditions.

2.4  Background

Much work has been done on the design of various types of coal gasifiers

and gas cleanup systems and surprisingly little on the integration of these

systems to combined cycle power plants for the production of electrical

energy.  It is instructive to summarize some of these gasification and

cleanup systems to demonstrate the large degree of.flexibility in designing

an integrated system.     In  fact,  both  the gasi fication and cleanup systems

seem to be so flexibile that the results of this dissertation may be used

as a basis for designing new systems.  For example, one of the key results

from Chapter 5 will be the optimum gasification temperature and pressure

which fixes certain other parameters such as steam and, for the adiabatic

case, air flow.  This type of result may be helpful when one actually tries

to design a coal gasifier capable of operation under conditions which are

optimum with respect to overall performance.
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It is a well-known fact today that some sort of coal gasification

technology has been in existence for. almost 150 years.  In the early 1830's,

Faur built a low-Btu gasifier for the production of a producer gas.  In

the 1920's, there were about 11,000 gasifiers of this type mostly used by

the steel industry.  Admittedly, these systems today are no longer feasible

because of updated environmental constraints.  In the mid 1870's, an

intermediate-Btu fuel gas was made by the blue water gas process.  More

than fifty years later this was followed by the Lurgi process2 which is

now being used in at least fourteen industrial plants 3.  Clearly, processes.

for the production of low- and intermediate-Btu gas have been in existance

for a long time.

The preient state of affairs is summarized best by an ad hoc panel of

the National Research Council which was established to assess the state of

low- and intermediate-Btu coal gasification technology:

... there has been a long hiatus in the use of gas producers

and in the development. of new technology for making producer
gas.  Recent interest in the development of related technology
stems from the hope that it will provide a means for producing
a clean fuel from coal and, from the possibility of increasing
the efficiency of coal conversion if the gas is generated under

pressure and used in a combined cycle, helping to alleviate the
shortage of scarce fuels.

Many processes,have since been devised, thus demonstrating the inherent

flexibility in·gasifying coall.  The coal· and gas flows may ·be parallel-

flow or counterflow.  The gasifier may operate at atmospheric pressure or

under pressurized condi.tions.  Air or oxygen may be used in addition to.

steam.  Heat may be added to the process, eliminating the need for pure

oxygen4.  Tar, soot, mercaptans, phenols, thiophenes, and so forth may be

avoided by operating the gasifier at high temperatures.  The ash may be

removed in dry, slag, or agglomerated form.  The gasifiers are typically
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classified as fixed bed, fluidized bed, entrained flow, molten bath, and

underground 1.  Obviously the last two types are not applicable to the

problem of interest and will not be discussed further.

The fixed bed gasifier designs are well developed.   Coal  and gas flows

are countercurrent.  This type of gasifier typically has long residence-

times which allows for essentially complete carbon conversion. Operation  

at elevated pressures could be problemsome because of softening, sticking,

and swelling of some bituminous coals 1.   Gas exit temperatures are usually

less than 1200°F which means a large amount of tars, phenols, and so forth

are  formed.    Among the dry-ash pressurized processes are Lurgi 2, Gegass ,

and MERC 6. The present Lurgi process is capable of using air to produce

a. low-Btu gas or pure oxygen to produce an intermediate-Btu gas, which may

then be used as a feed for the production of synthetic natural gas.  The

Gegas process has a much lower steam-to-air ratio than is typical of this

type of gasifier.  The MERC process produces about 3% tar, indicating a

relatively low gasification tempe rature. The Wellman-Galusha3   and

Kellogg7 systems use atmospheric dry-ash fixed-bed gasifiers. Among

the slagging fixed-bed processes are the British Gas 8,  ERDA/GFERCG, and

Thyssen-Galoczy 5 ,   the  last of which gasifies  coal at almost 3000°F,  but

at atmospheric pressure.

Fluidized-bed gasifiers 9 are better suited for continuous gasification

at high feed rates 1. This gasifier type is capable of using a wide-range

of coals.  Again the ash can be removed in two different forms: dry or

agglomerated.  One dry ash process, Winkler 3 , which has been commercial

since 19261 ,  has a gasification -temperature in the range of 1500°F to

1850°F and pressure at about atmospheric.  Even at this relatively low
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temperature no tar or hydrocarbons are formed.  This system uses a heat

recovery system before the gas purification stages.  Sixteen industrial

plants are presently in operation.  Similar to this type of gasification

system are the (02-Acceptor3, Exxon7, Synthane 3, and U-Gas 3 processes.

These.are basically used to.provide an intermediate-Btu  gas  as  a  feed  to

the methanation.step in the production of synthetic natural gas.  The C02-

Acceptor is somewhat unique in that heat is provided for the carbon and

steam reaction by reacting the carbon dioxide with dolomite.  This repre-

sents another way to get an intermediate-Btu gas without the use of pure

oxygen.  Operation is pressurized from 150 to 300 psia and gasification

takes place at 1600°F.  Dolomite serves a secondary purpose also; it is

used to remove the H25 (and (02) from the product gas.  In the U-Gas process,

gasification takes place at about 350 psia and 1900°F3. Again heat recovery

takes place before the gas is cleaned.  Among the agglomerating.ash pro-

cesses are those by Union Carbidei and by Westinghouse3.  Although the Union

Carbide system is-designed for atmospheric pressure, plans for 100 psia

operation are under way, for which higher feed rates are expected.  A unique

feature of this process is that heat for the carbon-steam reaction is pro-

vided by circulating hot ash.  This process also has a heat recovery step

before the purification system. Raw product gas leaves the gasi fier at

about 18009.F.  The Westinghouse process incorporates high temperature (about

1400°F) desulfurization by using limestone or dolomite in the gasifier.

Westinghouse plans to use this process in a combined cycle pilot plant.

Finally, there are gasifier designs which are of the entrained-flow

type.  Some of the advantages of this gasifier are little or no tar produc-

tion, ease of adaptability to utilization of a wide range of coals, and
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high reaction rates because of the high temperatures.  Again, there are both

dry-ash and slagging processes. Among the former  are Bi -Gaslo, Combustion

Engineering7'.and Foster-Wheeler6. .The Bi-Gas process demonstrates that

the gasification process itself is fairly insensitive to pressure since pres-

sures from 500 to 1500 psia have been successfully tested. The. Combustion

Engineering process is presently designed for atmospberic operation, but

operation. at elevated pressures is contemplated, and apparently uses a heat

exchanger before the gas cleanup stage.  The. slagging processes include

Babcock and Wilcox7, Koppers-Totzek3, Ruhrgasil, and Texacos.  Details

of the Babcock and Wilcox process are largely unknown. Koppers-Totzek is '

presently designed for atmospheric pressure using pure 02, but there are    , 

plans for pressurized operation.  The gas exit temperature is extremely

high (about 2750°F) and results in no tar, hydrocarbon, or phenol produc-

tion. The Ruhrgas system apparently uses dirty power gas to raise steam

for the gasification process. The Texaco gasifier is designed for operation

at 2200 to 2500°F and 300 to 1200 psial.  The process uses a slurry of

coal and water injected into the gasifier.  Progress is reported on mate-

rials problems associated with coal slagi.

The gas purification systems may be divided into two broad classifica-

tions: hot cleanup and cold cleanup.  Hot cleanup takes place within the

temperature range from 1000 to 2500'F and cold cleanup from 100 to·250°F.

While it is reported that hot cleanup can increase the«thermal efficiency

of a combined cycle by about three percent, the technology is not well-

proven and is expensive.  For this reason low-temperature cleanup ·is   ·

accepted as being more viable, and hot cleanup is not discussed any

further.  The Ad Hoc Panel also points out that
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Most of the heat in the hot gases after gasification can be
recovered by heat exchange so that the loss in thermal effi-
cency is minimized.1

The Panel identifies at least six cold cleanup processes which are presently

available or under development: (1) solid adsorbents, (2) membranes, (3) the

Stretford process, (4) amine gas, (5) physical solvents, and (6) hot potas-

sium carbonate.  Reference 1 provides an excellent summary of these processes.

Some of the characteristics of the hot potassium carbonate process, which is

available commercially as the Benfield process, will be summarized since this

type of cleanup system will be used in each configuration.  Developed in the

early 1950's, the Benfield process has been used for fourteen years.  It is

presently used on about 400 units for the removal of H2S (and C02) from

natural gas, ammonia synthesis gas, and hydrogen gas.  The Panel points out

further

Where the purification of low- and intermediate-Btu gases
from coal is concerned, the use of the Benfield process

fits well into the usual process conditions.  The gasifi-
cation pressure usually ranges from 100 to 400 psig.  The
preferred method of dedusting and cleaning the gas is by
water quench, resulting in a water-saturated gas that is
at a temperature of 200 to 260°F.1

In addition, the Benfield process is compatible with a Claus plant, which

may be used to convert the H25 to elemental sulfur.  At 90 to 95 percent

H25 removal, the cost of this process is estimated to be only $18/kw,

but at 99 percent, the cost slightly more than doublesl.  We shall see

in Chapter 5 that 90 percent H25 removal is more than sufficient to keep

the  502.  effluent   in the stack well below the federal limit.

The concept of a combined cycle power plant is not new.  Today it is

receiving ever-increasing attention because of the growing awareness that

conventional fuels are in finite and dwindling supply. Boosting cycle
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efficiency  helps   to  get more usable energy  from the same amount  of  fuel .

The most comprehensive study to date is the Energy Conversion Alternatives

Study, known as ECAS.  Actually, ECAS has examined about ten coal conver-

sion power generation systems in Phase I of the study and seven in Phase

II.  Ohe of these conversion concepts is the combined cycle integrated

with a low-Btu gasifier.  This study was essentially done in parallel by

Westinghouse and General Electric and has culminated in several volumes

of reports 12,13.  In this work, no attempt has been made to determine

optimum conditions or plant configurations.  They have both used advanced

equipment, such as air- and water-cooled gas turbines.  The NASA Lewis

Research Center has evaluated these studies and has summarized its find-

ings in a lengthy report14.

It is difficult to compare the Westinghouse results with those of

General Electric, since different operating conditions and plant layouts

were used sometimes with different assumptions.  However, the Westinghouse

design appears to be 46.8 percent efficient compared to 39.6 percent for

that of General Electric.  Part of this difference is due to Westinghouse's

using hot gas cleanup while General Electric elected to use cold.  In any

event, the thermodynamics of the integrated systems are obscured in many,

many details.  It is not clear how the systems evolved from a basic plant

layout.

Ahner, et al.15 have developed a design for an integrated gasification"

combined cycle plant without actually optimizing with respect to plant

performance.  However, the authors do provide a relatively simple equation

which may be used to find the "first cost incentive" from some specified

2-24



..7
--

..

base case. As mentioned in Chapter 1, however, an economic study 'is outside

the scope of this dissertation.

Osterle provided the basis for this dissertation by scoping the basic16

gasification reactions in a manner similar to that of Section 2.2.  Intrigued

by the many new degrees of freedom that a coal gasifier adds t6 the otherwise

routine thermodynamic design process of a fossil-fueled power plant, Osterle

incorporated his early work into a power cycle and performed many of the

tedious hand calculations which were a necessary prelude to a computerized

study.  To help in this effort, Impink developed a large number of gas table

property subprograms, processing codes, and the steam table processor sub-

program (see subroutine FINDER in Section 4.5.2), many of which are used in

this dissertation.  Look developed the first computer model of an adiabatic

model following Osterle's analytical model.  Impink extended this model and

developed the endothermic model, in which rather crude numerical methods were

employed.  Impink also developed many of the preliminary computerized com-

ponent· models, again following Osterle's analytical developemnt. Impink and

Osterle then demonstrated the feasibility of modeling integrated coal gasifi-

cation processes and combined cycle systems and introduced the initial elements

of pollutant emission calculations.  Finally, in addition to augmenting the

gas table library, Candris developed a preliminary flue gas recirculation

model following Osterle's derivation.  Their work culminated in a report17 to

the Pennsylvania Science and Engineering Foundation, who supported some of

their effort.  Clearly, the present work is in a sense a culmination of

several years of prior effort.
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CHAPTER 3

MATHEMATICAL MODELING OF COMPONENTS

3.1  Introduction

An obvious first step in the analysis of the systems described in

Chapter 2 is the representation of each component in a particular cycle

by a mathematical model.  Because many components appear several times

within a particular cycle and because a particular component is used in
more than one cycle, it is advantageous to keep the models separate.  We

shall find it better to model each component, where possible, as a single

entity.  For example, the modeling of a two-stage intercooled compressor

is accomplished by separately modeling a single stage compressor (which
is then used twice) and an intercooler.  This point will be more obvious

in Chapter 4, where the models are cast into the form of subroutines.

It is important to remember that we are interested only in the

steady-state thermodynamics of the four cycles.  Consequently, the

models will provide only a limited amount of information about a par-
ticular component. For example, the. model  for the adiabatic gasi fier
provides information  like  the ·air and steam flow rates  and the outlet
gas composition, but does not provide information like the size of the

gasifier.

As expected, some of the models are more complex than others.

The gasifier, combustor, whste. heat boiler, and supercharged boiler
models are among the most complicated.  These particular ones will be

described·in considerable detail. Because the mathematical solution

of the equations which represent the gasifier model is nearly identi-

cal to that of the combustor model, both of these are treated in

Section 3.2, with the common method of solution also given.  In Sec-

tions 3.3 and 3.4, the waste heat boiler and the supercharged boiler
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models are developed, respectively.  The more simple components are described

and modeled in Sections 3.6 to 3.16.

3.2  Gasifier and Combustor

3.2.1 General Comments

These models are very similar in the sense that the same types of

equations are provided by (1) mass balances on each of the elements, (2) 
the

assumption of equilibrium of the various gaseous species, and (3) an energy

balance.  This approach results in 16 non-linear algebraic equations to

describe the gasifier, and 21 similar equations for the combustor.  Of

course, there are 16 and. 21 unknowns for the gasifier and combustor, respe
c-

tively.

As discussed in Section 2.2, provisions must be made to operate the

gasifier in two specific modes: adiabatic gasification of coal with steam

and air and endothermic gasification of coal with steam.  And, as discussed

in Section 2.1, provisions must also be made to oberate the combustor in

two different modes: one in which the combustor outlet temperature is

specified (the excess air is then calculated), and the other in which the

excess air is specified.(the outlet temperature is then calculated).  These

last two modes correspond to uses in the waste heat system and superchar
ged

boiler system, respectively.  As discussed in tbe next few sections, these

provisions on the gasifier and combustor models are easily implemented.

3.2.1.1 Gasifier Model
&                                                

                                                 
                                         .

The endothermic mode for the gasifier will be shown later to be a

special case of the adiabatic mode.  Therefore, the most general aasifier
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model can be obtained by assuming that coal is to be reacted with air and

steam, subject to the adiabatig constraint.

The question arises, however, of how one should obtain the enthalpy

of the coal, which is needed for the energy balance.  This problem is

resolved by using the Dulong approximation for enthalpy determination

purposes which is accurate to about 3 percentls.  The Dulong approxima-

tion may be summarized as follows.  The carbon given by the ultimate

analysis is assumed to be fixed carbon.  All the oxygen is assumed to

com6ine  wi th the necessary amount of hydrogen  to form water vapor  with

the remaining hydrogen forming only diatomic hydrogen gas.  The nitrogen

and sulfur are assumed to be in the form of their respective elemental

gaseous compounds and the moisture is taken as liquid water.  (The sensible

heat associated with the ash will be accounted for by using a suitable

specific heat.)

The basic reaction for the adiabatic mode is

Coal  +  Air  +  Steam + Gas +  Ash

Let us normalize the calculation by assuming a unit mass of coal, whose

ultimate analysis is given.  That is, the weight fraction is given for

the following: carbon (C), hydrogen (11), oxygen (0), nitrogen (N),

sulfur (S), liquid water (H20), and ash.  Also let us assume that the

composition of the air by weight fraction is also specified, with pro-

visions for nitrogen (N2), oxygen (02), argon (Ar), and water vapor (H20).

The steam which is required by the gasifier is assumed to be pure super-

heated water vapor (H20).  The power gas which is produced is assumed to

have the following chemical species present: hydrogen (H2), carbon

monoxide (CO),.methane (CH4 ), water vapor (H20), carbon dioxide  (C02),
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nitrogen (N2)6'argon (Ar),'hydrogen sulfide (H25), carbony-1 sulfide  (COS),
and ammonia fNH3)·   Finally., the ash in the coal is assumed to exit from

the gasi fier at some speci fied .temperature presumably no higher than the

gas exit temperature.

We  are  now  in a position  to  wri te  the mass balance equations. Since

we have present C, H, 0, N, S, and Ar, we expect to have six such equations.

Let wci be the weight fraction of component i in the coal, where i takes

on   values   from  1   to  7 as .summarized in Table  .3.2-1·.     Let.vci   be the molecular

Table 3.2-i

Meaning of Subscripts Applied to Coal

Subscript (ci) Component in·Coal

Cl                C
c2               H
c3              0
c4               N
CS               S
c6               H20(Z)
c7               Ash

weight of component i  in the coal, where again i  is defined according to

Table 3.2-1. Similarly, we define wai and vai to be the weight fraction

and the molecular weight of species·i,  respectively,  for. the air.   As

shown in Table 3.2-2, i now takes on values of 1·to 4.  Furthermore, let

Table 3.2-2

Meaning of Subscripts Applied to Air

Subscript (ai) Species in Air

al                 N2           '
a2      '         02
a3                Ar
a4                H20(9)

3-4



\

wa be the mass of air required, and let ws be the mass of steam required

each per unit mass of coal.  The molecular weight of steam (or water) will

be denoted as vs. Having defined the necessary parameters associated with
the reactants, we now turn to the products.

Let ngi be the number of moles of species i formed per unit mass of

coal, where i now takes on values of 1 to 10, as defined in Table 3.2-3.

Table 3.2-3
Meaning of Subscripts Applied to Power Gas

Subscript (gi) Species in Gas

gl                          H2
g2                         CO
g3                         CH4

g4                         H20(g)
gS                          C02
g6                         N2

g7                         Ar
98                         H25
99                        . COS
glo NH 3

Let Ng be the sum of the ngi from i=l t o 10; that is,

10

Ng =  I  ngi
i=1

Note then that Ng is the total number of moles of power aas produced per
unit mass of coal. The composition of the power gas by mole fraction
(Ygi) is then given by

Ygi = ngi/Ng.

Now based on a unit mass 6f coal, the number of moles of C in the

reactants is simply wcl/vcl and the number of moles of C in the products
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is given by n92 + n93 + ngs + ngg. These two expressions must be equal

in order to satisfy the mass balance requirement on carbon and the mass

balance equation for C becomes

"cl-
(3.2-1)- n92 + n93 + ngS + ng9

vcl

The mass balance on H is slightly more complicated because hydrogen

appears in all three reactants.  The number of moles of H in the coal

is wC2/vC2 + 2wc6/vc6, while the air, 2wa wa#/va4, and due to the reactant

steam, 2ws/vs·  The number of moles of H in the products is given by

2ngl + 4ngs + 2ng4 + 2nge + 3nglo·  Again the sum of moles of H in the

reactants must equal the sum of the moles of H in the products so the

mass balance equation for H is

WC2 2wc6 wa4- +   - +  2wa - +  2ws 1- =
VC2 .VC6 va4        vs

(3.2-2)
2ngl + 4n93 + 2ng¢ + 2ng8 + 3nglo

Similarly for 0, N, S, and Ar we get, respectively,

WCS WC6 wa2 Wa4\    W
-  - wa

12=.
-1 + -i =

vc3
v(6                                                                                      v a 4                           \ 'S

(3.2-3)
n92 + n94 + 2ngs + n99,

wc 4 wal

vc4   +   2Wa vai   =   2ng6  + nglo, (3.2-4)

f5
-

m  098 + ngg, (3.2-5)
vCS
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and

wa 3

wa- =
n97· (3.2-6)va 3

Because mole fractions will appear in the equilibrium equations, it is

advantageous to work with mole fractions rather than mole numbers.  There-

fore, we divide Equations (3.2-1)to (3.2-6) by Ng. However, we then solve

equation 3.2-1 for Ng, which can be used in the remaining five equations.

Accordingly,

wcl/vcl
N  =
9     Y02 + Y93 + Y95 + Y99 '                                 (3.2-7)

The five remaining equations, Equations (3.2-2)to (3.2-6:), are changed only

in that the left-hand side of each is multiplied by the reciprocal of Ng,

with Ng given by Equation (3.2-7), and each hgi ik replaced by ygi·  The

final form of the mass balance equations is as follows:

   + 2 GEi.  +   2wa w-1  +   2-1, < --1 (yg2 + Yga + Ygs + Ygs 
W(6

va4
" J  l'(1

(3.2-8)
= 2ygi + 4y93 + 2yg4 + 2798 + 3Yglo

FIC, we, f wa2 ,„1    W,1 f·„<- + - + wa 12 - +
 ir,1 + Gi   ci (Y92 + Y93 + Ygs + 199 

['(3
ve,    va2

(3.2-9)= Y92 + Y94 + 2ygs + y99
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Juc4    wai1 fra

:

<- + 2wa -> < - (Y92 + Y93 + Ygs + Y99  = 2y96 +Yglo'Ec'                      va'J l'c' (3.2-10)

Pe,1  f.c,
Ff 1.

 Cl   92 + y93 + .Ygs + 49)     =  '98 + 399 (3.2-11)

e

   11.  i
a    F 1,1           'cl

1
44          - (Y92 + Y93 + Y95 + Y99  =

Y97 (3.2-12)a va3     Vcl

The sixth equation, of course, is provided by the fact that the sum of

mole fractions must equal unity, or

1: .10

I Ygi = 1
(3.2-13)i =1

This completes the six equations provided by the mass balances.

At this point, we see that there are twelve unknowns: the ten mole

fractions, the steam flow, and the air flow.  Additional equations are
'1         ·  ·'

provided by invoking the assumRtion of. thermodynamic equilibrium.  The
validity of this assumption is established in Section 5.8.

The species assumed ·to be present in the power gas imply that five
independent reactions are taking place. Using (6) to denote the solid
phase and no phase designation to imply the gas phase, we may assume
the following arbitrary (but independent) reactions:
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C (4)      +      2H2     ++ CH4 (3.2-13a)

C (3)      +      H20           CO     +      112 (3.2-13b)

((4)  +  (02  +  2CO                                          (3.2-13c)

3

N2 +  3Hz· *  2NHs                      ;                   (3.2-13d)

H25   +  CO·  +  COS  + H2 (3.2-13e)

Then the equilibrium condition· for each reaction can be written.  For

example, for the reaction in Equation (3.2-13a), we could write

= <VCH*  K' ht,Pj' (3.2-14)

where again Yi denotes the mole fraction of species i and P is the total

pressure in atmospheres since the equilibrium constant, Kp, is assumed

to be based on atmospheres.  For a given reaction, the equilibrium

constant, which isla function of temperature only, can be obtained from

an appropriate handbook.  In Equation 0.2-14),it is assumed that the

mixture behaves like an ideal gas; otherwise, the mole fraction and

pressure products' would be replaced by the fugacities.  Because the

carbon is in the. solid phase, there is no "RT Zn" correction on the

Gibbs free energy for solid carbon and, therefore, Equation (3.2-14) is
..'.  .III

valid as written. Similar equations could be written for the remaining

reactions.
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Although the equilibrium equations in the form. of Equation (3.2-14)

could be used directly in the solution to our problem, it is better to

modify them to effect a more general solution strategy.  One sudh modi-

fication would be to use the logarithmic form of the equilibrium equations

For example Equation (3.2-14) would become       :

61Kp = ·61(YCH'*P ) - 261(YH2P) 0 (3.2-14a

However, we would then need to have Kp for each reaction.  While this is

,  a trivial point for Equation (3.2-148) since we convehiently have a

formation reaction, this is an important consideration for reactions

like that in Equation (3.2-13e).  If the equilibrium constant for this

kind of reaction is not found in any handbook, then we would have to

reconstruct it from the formation reactions.  In addition; taking

equilibrium constants from many sources is undesirable, since there

is no guarantee that the data would be consistent among the various

sources.  We shall use an alternate approach which does not have

either of the above mentioned deficiencies and Which does not depend

on  the  .teactions   chosen.      For this alternate method we shall    see   that

we need to specify only the participating chemical species and not

the reactions.

Smi th  and Van Ness19 describe a method for obtaining the equilibrium

composition   of a mixture of gases   whe re several reactions are actually

proceeding.  This method is really based on the fact that at equilibrium

the Gibbs free energy for the system is a minimum.  This condition,

however, is subject to the constraints provided by the mass balances.
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Since we have a minimization problem subject to constraints, the method

of Lagrange multipliers is directly applicable.

Let us briefly outline the derivation of this equilibrium condition. '

Let G(ni, n2, •••, nn) represent the total Gibbs free energy for the

system with the mole numbers of the various species i represented by the

ni.  Let the m mass balance equations be

fi(ni, n2, •••, nn) = 0

fe(ni, n2, •••, nn) = 0
.

.

'

fm(ni, n2, •••, nn) = 0

.,,

and since we have m constraints, then we introduce m Lagrange multi-

pliers, Al, 12, ••'·, Am·  If we want to minimize G, then we may minimize

G +  I Akfk since the fk are zero and we have not changed.the function

k=1
to be minimized.  Differentiating this new function with respect

to each of the ni in ·turn gives n equations which must hold at the

minimum (or maximum). These equations 'are ·

36                           (i = 1, 2, ..., n)
m    3fk

ini   +   k  1   Akani-    =     O

Then n ;'equilibrium" equations and the m contraint equations (f£ = 0

for £ = 1, 2, ..., m) are used to solve for the ni which minimize

G(nl, n2, ···, nn).  When this method is applied. to our equilibrium
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problem, the. equi·librium condition becomes for gas phase reactions  .

AGJ (Te)  + RTe.61(ygi$giP) +  'Akaik = 0   for i =.1, 2, ..., NTgi

(3.2-15)

where the meaning·of the nomenclature is as follows. We first note

that the fugacity coefficients for a solution, $gi, have been introduced.

Since we assume our gaseous mixture to behave like an ideal gas, all the

3gi are unity. The meaning of the subscript is unchanged from its

previous definition in Table 3.2-3, except that we do not. write an
equilibrium equation for -Ar(i=7), since.argon is inert.. The standard

Gibbs free   energy of formati on at tempe rature   Te for species    i  is

denoted by AG; .(To).  Like the equilibrium cons tant, K , this para-gl  F
4

meter  is. a function of temperature  only. The Gibbs free energy of

formation is assumed to be zero for the elemental compoun s; for example,

AG; = 0 for H2, N2, and so forth.  R is the universal gas constant, and
Te is the absolute temperature at which the reactions are proceeding.

Of course,, the product RTe must be in .consistent units with the values

for the Gibbs free energy.  The argument of the natural logarithm is

essentially the fugacity„ fgi, of the species i, which, because of

the  ideal gas assumption, reduces  to the product  of  the mole' fraction

and system pressure·in. atmospheres, or the partial pressure in

atmospheres.  The Ak's are the. Lagrange multipliers.  One Lagrange

multiplier should be introduced for each constraint provided by the    ,  

mass balances.  So one might expect to have six Lagrange multipliers

for the-adiabatic gasifier; that is AC, AH, 10, AN,  AS, and AAr·
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However, as already .mentioned, argon is inert and so AAr is meaningless.

We shall show later that taking AC to be zero is consistent with Equation

(3.2-14).  From the definition of the xk  we see that the 'subscript k

is associated with a particular elemental atom present in the system.

The aik represent the number of atoms of element k per molecule of

species i. Table 3.2-4 gives this.matrix for the gasi.fier biodel'. f

Table 3.2-4
Assignment of Values to the aik

for the Gasifier Model

Element (k)
Species: i C(1 ) H(2) 0(3) N(4) S(5)

H2      1        0       2       0       0       0
CO      2        1        0        1        0        0
CH4     3        1        4        0        0        0
H20      4         0        2        1        0        0
C02          5              1              0             2             0.             0
N2    6     0.     0'   O t'  2     0
Ar      7        0       0       0       0       0
H2S 8t02001
COS     .9        1        0        1        0        1
NH3    10       0     '3 0       1       0

Now Equation 3.2-15 can be readily applied to each of the reacting

species assumed to be present in the gasifier.  Fo.r generality, the

fugacity coefficients, $91, will be kept in the equations'with the

understanding that each will be taken to have a value of unity.  Also,

it is advantageous to divide the equilibrium equations by RTe.  The

reason for doing this will be'explained in Subsdction 3.2.2.  The

equilibrium equations become

*

AGf (Te)/RTe + Zn(y  $  P) + 2AH/RTe = 0 (3.2116)
9i  9i  9  112

0
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AGf (T )/RTe + tn(y  J  P) + AO/RTe =0 (3.2-17)CO
. 92 92 9

AG; (To)/RTe + Zn(y  J  P) + 4AH/RTe =0 (3.2-18)CH4- 93 93 9

86; (Ta)/RTe + '61(y  $  P) + 2AH/RTe + AO/RTe =0 (3.2-19)H20- 94 94 9

86; (T.)/RTe + Zn(y  4  P) + 210/RTe =0 (3.2-20)CO2e gs gs g

/

AGf (T_)/RTe + Zn(y  J P) + 2AN/RTe =-0 (3.2-21)9, N2 e 96 96 9

0

AG; (T.)/RTe + In(y  &  P) + 2AH/RTe + AS/RTe =0 (3.2-22)H2SC 98 98 9

8Gf (T.)/RTe + In(y  J  P) + AO/RTe + AS/RTe =0 (3.2-23)COSC 99 99 g

AG; (Te)/RTe + Zn(ygio$gioPg) + 3AH/RTe + AN/RTe = 0    (3.2-24)MH 3

The total number of equations for the adiabatic gasifier model is

now fifteen, but we have introduced four more unknowns, namely AH' Ao,

AN, and AS' making the total number of unknowns sixteen. The energy
equation provides us with the sixteenth equation.

Before we consider the energy equation, let us first show that our
taking AC to be zero is consistent with the quilibrium condition expressed
by Equation (3.2-14).  Multiplying Equation (3.2-16) by 2 and subtracting
the resulting equation from Equation (3.2-18) gives (taking $gi=1):

0

6Gf/RTe + In(yCH4P) - 28Gf /RT- - 2£n(y  P) = 0CH4                     H2  g        H2
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Rewriting in a more suitable form gives

AG°   - 28Gf   = -RTezn[(yCH4 P)/(V  P)2]
fcH4     H 2

H2

But the change in Gibbs free energy for the reaction is .gi·ven by

AG =
AGf

- 2AG°

CH4       H2
f

and the definition of K  is given by

ZnK  = :AG/RTe

and so we get

CYCH 4P)

KP = (YH2P)2

which, is precisely the expression for K  given by Equation (3.2-14).  If

all the A's were eliminated in Equations (3.2-16) to 3.2-24) and the

definition of Kp were used, we would get the conventional equilibrium

equations of the form of Equdtions (3.2-14).  Clearly the two methods

are completely equivalent.

As we have discussed earlier, the effective enthalpy of the coal

is obtained by using the Dulong approximation to give the coal composition

in terms of fixed carbon (C), hydrogen (H2)' water vapor (H2O), nitrogen

(N2), and sulfur (52).  The weight fraction of liquid water and ash in

the coal remains unchanged.  Let wdi be the weight fraction of species i
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in the coal after application of the Dulong approximation, where i takes

on values 1 to 7 as shown in Table 3.2-5.  Similarly, let v be the
di

molecular weight of species i, where i again is defined by Table 3.2-5.

Table 3.2-5
Meaning of the Subscripts Applied to Coal after

Application of Dulong Approximatioh

Subscript (di) Species

dl                    C
d2                     H2
d3                    H20(9)
d4                    N2
d5                    52         ·
d6                    H20(Z)
d7                    Ash

The first law of thermodynamics may now be written for the gasifier:

hafc(Tc,Pc) + cpashwd7(Tc - Tref) + wafa(Ta,Pa)/va + Qgas + wshs

=N Ti-(T.P)+cg g  g g
Pashwd/(Tash-Tref) (3.2-25)

where the subscripts are defined as follows: 'afc' denotes ash-free

coal, 'a' air, 'c' coal with ash, and 'g' gasifier outlet gas.  The
enthalpy of the ash-free coal (based on a unit mass of coal with ash)

at temperature Tc and pressure pc is denoted by hafc(Tc'Pc)' and the

heat added to the gasification process per unit mass of coal is 0
gas'

whileha(Ta,Pa) andhg(Tg,Pg) are the enthalpy per mole (or molar

enthalpy) of air and product gas, respectively, at the indicated

temperatures (T) and pressures (P).  Finally c is the specific
Pash

heatof the ash (assumed to be constant), Tash is the ash discharge
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temperature, and T is an arbitrary reference temperature which cancels
ref

out of the final form of the energy equation.

The enthalpy of the ash free coal h per unit mass of coal is'  afc'

gi venby
6

hafc(Tc'Pc) f  I  (wdi/v.di )hdi(Tc,1'diPc)
1=1

-

where h is the molar enthalpy of species i at a specified temperature
di

TC and pressure Pc and #di is the mole fraction of. species i based on the

Dulong approximation.  It is tacitly implied by the nomenclature
hg(Tg,Pg)

and ha(Ta'Pa) that the composition' of the gas indicated by the subscript

is  an  argument  of the enthalpy function. For conciseness,  we do  not

write this explicitly.  The enthalpy of the air, ha' per unit mass of air

is given by

4

ha(Ta'Pa) =  I  (Wai/vai)hai(Ta'llaiFa)
i=1

where 0 . is the mole fraction of species i for the air.  On a basis of
a1

a unit mass of coal, the enthalpy of the air .is waha' since there are wa
unit masses of air per unit mass of coal.  Similarly, the enthalpy of the .

steam used in the gasification process is simply wshs(Ps,Ts) where hs is
specific enthalpy of steam and ws is the mass of steam required per unit

mass.of cdal.  Clearly, the subscript 's' denotes that the fluid is steam

or water.  Finally, the enthalpy of the gaseous products per unit mass of

coal is given by

10
- -

N h<(T ,P ) =  I n.h .(T ,#·.P )9 g g g i=1  gl gl  g  gl g

.
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.,

where w . is the mole fraction of species i for the power gas.  Again note
g1

that the enthalpy has an implied mole fraction dependency.  It should 6e

noted that when a summation occurs, one should use the appropriate table

to get the correspondence between subscripts  ci,  ai, gi,  and. di  and the

corresponding 'species. Before substituting all these expressions into

Equation 3.2-25, let us divide it fitst by N 
since again 'Ne prefer to

work with molefractions instead of mole numbers.  The final form of the

energy equation ·for the gasifier then becomes :

f,
<  I· (wdi/vdi)hdi(Tc,udi:c)  + cn   Wd/(Tc - Tash) + wshs(Ts'Ps)

i=1 pash
( 4

+ wa  I  (wai/vai)hai(Ta'paiPa)

i=11

': 'gits   j_ -Bw   /v    ) (y     t y     + y     + y

A (3.2-26)Cl Cl 92 93 95 991

=  I  y .h .(T  y .p )gi   gi     g'- gi   gi=1

In this equation·, the y . are unknown along with wa and ws. All other
g 1

parameters are either specified in the input to this model or are calcu-

lated directly from the input.

We have thus identified sixteen equations which we may use to solve

for the sixteen unknowns.  We complete the model by noting that the mass

flow of the product gas wg per unit mass flow of coal is given by

w  =1+w  +w  -wg a s c 

and it is a trivial matter to get the curresponding mole flows.  Finally,

the higher and lower heating values of the power gas can be computed since
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we know the gas composition, after we solve for the y .'s.  We. get
g 1

conservatively low estimates for the heating values by assuming only

H2,  CO,  and CH4
contribute  to the heating values  of the power  .gas.

In summarizing, we have identified sixteen unknown parameters: the

ten mole fractions, the four Lagrange multipliers (which have no obvious

physical significance), the steam flow, and the air flow.  Fortunately

sixteen equations in these same variables have also been identified:  six

mass balances, nine equilibrium equations, and the energy equation.  The

method.of solution is presented in Section 3.2.2

Now we cah readily see why the endothermic gasifier model is a

special case of the one above.  We have already agreed that for endo-

thermic gasification, we want to gasify the coal with steam only; that

is, the air flow. w . is zero.  Setting wa equal to zero in the six mass.  a-

balance equations and nine equilibrium equations amd solving the resuiting

system of fifteen equations gives values to the fifteen unknowns.  The

energy  equation is then solved for the amount of heat, 0 . needed to
'gas  

allow gasification of coal without any air. Again the method of solutien

given in Section 3.2.2 easily accommodates this mode of.gasifier operation.

Before leaving this model,.a-subtle point should be made with regard

to the temperature Te used in the nine equilibrium equations and the

temperature Tg used in the energy equation.  While these should be equal

to be consistent with our assumption of thermodynamic equilibrium, the

provision has been made to allow for them to be different.  This was done

to allow for the possibility of "freezing" the reactions at a certain

temperature which is sometimes done or implied in the literature.
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3.2.- -  T:-:c"tor Model

f IKU ch6  as) in the gasifier model, we must have provisions for

two -<  .ren .'  'tii .as of operation.   One mode allows the combustor outlet

tempera'Lure to'be specified and the other allows the excess air to be

specified.  These parameters will become apparent in the development of

the combustor model.  The method of solution for each of these modes is

presented in Section 3.2.2.. The basic reaction for the combustor is

Fuel   i  Air + Products.

We normalize the calculation by assuming a mole of gaseous fuel, not a

unit mass ef 4121 ·as was the case  in the gasifier model .

Let us 3,-31cme  that the composition  of the gaseous   fuel   by  mol e

fraction #fi vs specified along with its pressure.Ff and temperature Tf.

Again Table 3.2-3 must be used to correlate the subscript i with a parti-

cular chemical species.  Let us further assume that the air composition

by weight fraction w . is specified, where Table 3.2-2 provides the meaninga1

of the subscript ai.  This composition by weight fraction can easily be

converted to one by mole fraction w . where again Table 3.2-2 is applicable.
a1

Let us.also assume the pressure Pa and temperature Ta of the air entering

the combustor are specified. Denoting the, number of moles .of stoichiometric

ai r  per  mole  of  fuel  as  B  and the excess .air fraction  as  4, the number  of

moles of air per mole of fuel becomes 8(1+E).  Finally, let n.. be the
P1

number of moles of species i in the product gas per mole of fuel, where

species i is identified in Table 3.2-6.  From this table, we see that the

following:species are assumed to be present in the product gas: carbon

dioxide ((02), water vapor·(H20), nitrogen (N2)., oxygen (02.), argon (Ar),
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nitric oxide (NO), carbon monoxide (CO), monatomic hydrogen (H), monatomic

oxygen (0), hydroxyl (OH), hydrogen (H2), nitrogen dioxide (N02), sulfur

monoxide (SO), sulfur dioxide (502), and sulfur trioxide (S03)·

Table 3.2-6
Meaning of Subscripts Applied to Products

of Combustion

Subscript (pi) Species in Gas

pl                    C02
p2                   H20(9)
p3                   N2
P4                   02
pS                  Ar

p6                  NO
p7                   CO
p8                   H
P9                  0
P10                  OH

p 11                  H2
p 12                  N02
p13                 SO
p14 S02
p15 503

Let the pressure of the product gas be P , which is presumably specified,

and·the temperature be T , which may be either an unknown or is assumed

to be specified. .We will eventually get an expression for B which will

depend on known parameters, and & is either an unknown (T  must be

specified) or is specified (T  is then one of the unknowns).

Because it is shown in Section 5.5, that a nitric oxide (NO)

emission problem exists for the waste heat combined cycle configurations,

flue gas recirculation is used as a means to reduce the amount of NO

which goes  up the stack  and into the atmosphere. In other words,  a
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certain fraction, p, of the flue gas at near atmospheric pressure is

compressed, cooled to a specific temperature, Tr' and fed into the com-

bustor at pressure P .  The combustor model then must include a provision

for flue gas recirculation.  With this modification, the basic reaction

in the combustor becomes

Fuel + p(Products) + Air + Products

and we are now in a position to develop the mass balance equations.

First, we do a mass balance on carbon (C).  By referring to Table

3.2-2 for the species in the air, Table 3.2-3 for the species in the

fuel, and Table 3.2-6 for the species in the product gas, the first

mass balance on carbon becomes

Af2 + Af3 + Ufs + Afg + Pnpl + PnP7 = nPl    P7+n

or

pf2 + "f3 + Wfs + Wfg
= (1-p)(n +n) (3.2-27)

Pl    P 7

Similarly, a mass balance on H, 0, N, S, and Ar gives the following

five relationships

2wfl + 4pf3 + 2uf4 + 2wfa + 3wfio + 28(1+6)0
a4

=     (1 -p ) (2n +n +n + 2n )
(3.2.28)

P2    P 8'    P 10 P 11 '

pf2 + pf4 + 2Wfs + 0fg + (2Ua2 + Ma#)(1+E)8 =

= (1-p)(2n +n + 2n +n +n +n (3.2-29)
P 1    P2     P 4    P 6    P 7    P 9

+n + 2n +n + 2n + 3n   ),
Pio P 12 P 13 P 14 P 15

.

3-22



2Mf6 + Mflo + 28(1+E)pai = (1-p)(2n   + n   +n ) (3.2-30)P 3    P6    P12 '

Bfs + Afs = (1-p)(n   + n   +n   )P13 P 14 Pis
' (3.2-31)

and

pf7 + 8(1+4)0   = (1-p)(n  )                                    (3.2-32)
83         PS '

respectively.

Again we prefer to work with mole fractions, y .. instead of molePl.
numbers, npi.  Dividing Equation (3.2-27) by Nc' where

15

Nc =  .I   npi'
1=1

and solving the resulting equation for Nc gives

N  =  f2 + Wf 3 + Ufs + Uf9
C (1-p)(y +Y ) (3.2-33)

Pl    P 7

where y. =n ./N  has been used.  Now dividing each of the remaining masspi     pl  c

balance equations (3.2-28 to 3.2-32) by Nc and using y. =n ./N  gives
pi pi c

the following relations where the factor (1-p) has been divided from both

sides and, therefore, no longer appears in the mass balances

 Ufl + 4 'f3 + 21'f4 + 21 f8 + 3Wflo + 28(1+E)u         Pl   P7
Y +Y

atI  jif2 + Uf3 + lifs + ttfg 
= 2Y +Y +Y + 2Y

P2    P 8    P 1 0 Pii (3.2-34)

Y +V
 'f2 + 1.'f4 + 21.'fs + .Ufg + (21·'a2 + Wa 4)(1+E)   'f2 + p   +   ipf  .+ Bfg  

= 2Y +Y + 2Y +Y +Y +Y
P 1    P 2     P 4    P 6    P 7    P 9,

(3.2-35)

+Y + 2y +Y + 2Y + 3Y
Pio P 12 P 13 P 14 P 15
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Y +Y

[2.,6 + 'flo + 28(1.,),a  {,2 + 1· :; + ':: + .f,} .2,    + Y   +YP 3    P 6    P 12

n
(3.2-36)

[.f, , .f] f     - ''1 ' ''7 5=  9.     +  y       t.y
3   f2 +. tif 3 .+ 11fs + 111:9 .    P 1 3    P 14    P 1 5 (3.2-37)

Y +Y

Bf7 + 8 (1+L)11 1f ·    Plal|  2 + 'tf3 + ufs + "fi   = Yps              (3.2-38)

Like the gasifier model, the sixth equation is provided by the fact that
the sum of the mole fractions must be unity:

15

I y =1
(3.2-39)1_   Pi1-1                                              "

It is important to remember that it is the y . ahd possibly E that are
P1

the unknowns in the last six equations.  An expression for B, the number

of moles of stoichiometric air per mole of fudl, may now be developed.

The following species, present in the gaseous fuel, are capable of

combustion with the oxygen in the air: hydrogen (H2), carbon monoxide (CO),
methane (CH4), hydrogen sulfide (H25), carbonyl sulfide (COS), and ammonia

(NH3)·  The number of moles of oxygen (02) required for complete com-

bustion of each of the above constituents is easily determined from the

following balanced chemical equations:

H2   +  1/2, 02  + H20

CO   +  1/2 02  +  (02

CH4  +  2 02 + C02 +  2H20

H2S  +  3/2 02  + H20 +  502

COS  +  3/2 02  + C02 +  502

NH3  +  3/4 02  +  3/2 H20  +  1/2 N2
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From the first reaction, we see that 1/2. mole of 02 is required for each

mole of H2, but there are Bfl moles of H2 per mole of fuel, so there are

1/2 Mfi moles of 02 required per mole of fuel due to the H2 only.  A

similar line of reasoning results in·the following 02 requirements in

moles of 02 per mole of fuel: 1/2wf2 due.to the ·CO,
2uf3 due to the CHF,

3/2uf8  due  to.the  H25,·3/2dfg  due  to  the  COS,  and  3/4ufl   due  to  the  NH3.
The total oxygen requirement is clearly the sum of these.  But there are

p   moles of 02 per mole of air, so
a2

1/2wfl + 1/2wf2 + 2uf3 + 3/2ufs + 3/2ufg + 3/4wflo

=       ·                 wa2                                (3.2-40)

which is the theoretical air requirement in moles of air. per mole of fuel.

Clearly, the number of moles of air per mole of fuel actually used depends

on the excess air fraction E and is equal to 8(1+E).  This fact has been

used in the derivation of the mass balance equations.  Note that in Equa-

tion (3.2-40) since  all the parameters  on the right-hand  side are known,

B can be readily calculated.

Before writing the equilibrium equations, nine independent reactions

among the gaseous species may be identified.  One should clearly under-

stand, however, that identification of these reactions is not necessary

to the Lagrange multiplier approach.  One possible set of reactions is

as follows:

CO   +  1/2 02  *  C02

H2   +  1/2 02  7 H20
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. N2 + 02 2  2 NO

H2      +4  2 H

02     Z  .2 0

H20  +  1/2 02  2   2 OH

N2  + 2 02    2 N02

SO   +  1/2 02 *  502

SO   + 02 :  503

Now the equilibrium equations may be written using Equation (3.2-15)

applied to the combustor product gas (after changing Te to Tp and dividing

by RTp).  The aik matrix is given in Table 3.2-7.  The subscript i on the

Table 3.2-7
Assignment of Values to the aik

for the Combustor Model

Element (k)
Species i C (1 ) H(2) 0(3) N(4) S(5)

C02      1      1         0         2         0         0

H20      2      0         2         1         0         0

N2       3      0         0         020
02       4      0         0         2         0         0
Ar      5      0        0        0        0        0

NO       6      0         0         1         1         0

CO      7      1         0        1         0        0

H 8 0 1 0 0 0
0 9 0 0 1 0 0
OH              1 0              0                    1                     1                     0                    0

H2         11          0              2              0              0              0
N02     12     0        0        2        1      ·  0
SO           13           0                0                1                0                1
502     14      0         0         2         0         1

1

503     15     0        0        3       
 0        1
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y . now correspond, of course, to those in Tables 3.2-6 or 3.2-7.  TheP1

following equilibrium equations are to be satisfied:

AG; (Tn)/RTp + fit(y  $  P) + AC/RTp + 210/RTp =0 (3.2-41)
(02  PI Pl P

&61 (T )/RT + £0(y  J P. ) + 2AH/RTp + Al/RTp =0 (3.2-42)
TH20 

  P2 P2 P

AG; (T-)/RT  + 14(y  ;  P) +2 1 /RT =0 (3.2-43)
N2

  P 3 P 3 P N   P

AGf (T )/RTp + 151(y  J  P) + 2A0/RTp =0 (3.2-44)
02

  P4 P4 P

86%    (T    ) /R T      +   61(y      ;      P    )    +    AD/RTp   +   AN/RTP   = 0 (3.2-45)TWO P P P6 P 6 P

862 (T )/RT  + .En(y  J  P) + AC/RTp + AO/RTp =0 (3.2-46)Tco P P P 7 P 7 P

AGf (T.)/RTp + tn(y  J  P) + A../RT =0 (3.2-47)H Y P8 Pa P'    M   P

AG; (T-)/RTp + .61(y  0  P ) + AO/RTP = 0 (3.2-48)0 P P 9 P 9 P

AG°    (T    )/RT      +   bt (.y         J          P) +   AH/RTP   +   AO/RTP =0 (3.2-49)foH P P Plo Plo P

86; (T-)/RTp + 24(y   J   P) + 2AH/RTp =0 (3.2-50)
H2

  Pii Pii P

AG; (Tp)/RTP + in(y  J  P) + 210/RTP + AN/RTP =0 (3.2-51)
N02             P 12 P 12 P

AG' (T )/RT  + tn(y   J   P) + AO/RTp + AS/RTP =0 (3.2-52)
Tso P P P 13 P 13 P

AG; (T.)/RTp + Ln(y   J   P) + 2A0/RT  + AS/RT  =0          (3.2-53)
502H P 14 P 14 P
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AGf (Tn)/RTP + Zn(y   $ .P) + 3A0/RTp.+ AS/RTp =0· (3.2-54)

503 
Pis Pis P

Note that for the combustor model, AC is not necessarily zero and that, as

was the case with the gasifier model, no equilibrium equation is written

for argon, since it is inert.

The total number of equations for the combustor model is now twenty:

six mass balances and fourteen equilibrium equations.  But there are now

twenty-one unknowns: the fifteen mole fractions, the five Lagrange multi-

pliers, and either the excess air fraction  E .or the combustor outlet

temperature T .  Again, the energy equation provides the final necessary

relationship to completely define the model.

The  first  1 aw of thermodynamics  for the combustor  may be written  as

hf(Tf'Pf) + 8(1+E)ha(Ta'Pa) + PNchp(Tr'Pr) + Qcmb = Nchp(TP,PP)
(3.2-55)

where· the subscript "f" corresponds to the  fuel,  "a"  to the  air,  "r" to

the  flue  gas reci rculation inlet  flow,  and  "p"  to the products  of  com-

bustion. The variable RT,P) has the same meaning as in Section 3.2.1.1,

and Q is heat .added  to the combustion process  per mole  of  fuel   (if
cmb

heat is removed, Q is negative).  All other variables have previouslycmb

been defined.  Again it is tacitly implied by the nomenclature, RT,P),

that the composition of the gas is also part of the argument since the

partial pressure is really the pressure for whi·ch h is to be evaluated

and the partial pressure of species i in a gaseous mixture is given by

pi P ·
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Since the composition of the fuel is specified by the mole fractions,

jifi, the enthalpy of the fuel per mole of fuel is simply
10 „.

hf (Tf'Pf)  =   I   Mfihfi (Tf' pfi Pf) (3.2-56)
i £1

where i denotes the particular species shown in Table 3.2-3<with fi

replacing gi.  The enthalpy of the incoming air is similarly written
4

8(1+E)ha(Ta'Pa) =  8(1+E)   I   paiKai (Ta'paiPa)' (3.2-57)
i=1·

For the product gas at Tr and P .r·
15

hp(Tr'Pr) =I-y.h.(T-,y:.pr) (3.2-58)i=1  Pl pl  r  pl

and at T  and P ,PP
15

h (T ,p ) =  I y .h .(T  . .,P ). (3.2-59)1=1  pl pl  p,ypl  P

It is to be understood that the partial pressure arguments above are to

be deleted for those species which are assumed to be ideal gases (all

but H20, CH4, and (02)·  Using the expression for Nc from Equation

(3.2-33), and Equations (3.2-56) to (3.2-59), Equation (3.2-55) becomes

   (1-p)(ypt +  P7)         0 lifih·fi(Tf''IfiPf)
1  "f 2   +    Wf 3.  +   Uf s   +   l'fg JJ     li . 1

1

4                               1

+ 8 (1+L) .I   uaihai (T
1=1

a'vaiPa  + Qcmb 15 15

= i<i ypihpi(TP,yp,i Pp) - p I ypihpi (Tr'ypiPr)
1=1

(3.2-60)
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This is the final form of the energy equation for
 the combustor.  In this

model, unlike the gasifier·model, the temperature
 used in the equilibrium

equations  is  the same 'as  that  of the product gas leaving the .combustor.

"Freezing" of the NO producing reaction is handle
d in a simpler way and

is explained in Section 4.6.  Equation (3.2-60) p
rovides the twenty-first

equation thus enabling a unique solution for the 
twenty-one unknowns.

Three important points should be made with respect to the flue gas

recirculation.  The first is that the flue gas re
circulation parameter p

appears only in the energy equation, since we ele
cted to work in terms

of mole fractions instead of mole numbers.  Secon
dly, when no recircula-

tion is assumed, Equation.(3.2-60) reduces to the
 correct form of the

first law of thermodynamics for a combustor witho
ut recirculation; that

is, the enthalpy of the fuel, plus that of the ai
r, plus the heat added

must equal the enthalpy of the product gas.  Fina
lly, if the temperature

1

of the recirculation gas Tr equals the combustor 
exit temperature T 

(and Pr=Pp)' then a factor of (1-p) may be divide
d from both sides of

Equation (3.2-60) and the benefit associated with
 flue gas recirculation

in reducing NO effluents is lost.  We shall see 
in Chapter 5 how this

affects the power plant efficiency.

We have identified twenty-one equations which we 
may use to solve

for the twenty-one unknowns.  We complete the mod
el by noting that the

mass flow of air wa into the combustor (per unit 
mass of coal into the

gasifier) is given by

Wa = 8(1+E)vawf/vf
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where va and vf are the molecular weights of the air and fuel respectively

and wf is mass. flow of fuel (per unit mass of coal).  A mass balance on
the entire combustor gives

wf + wa + Pwp = wp

where w  is the mass flow of product gas from the combustor (per unit

mass of coal).  The last equation may be solved for w  as

Wf + WW=
1 -p  a  oP

This completes the combustor model.  In the next section, we shall

see how a solution to these systems of non-linear equations for the

gasifier and combustor model can be obtained.

3.2.2  Method of Solution

As we have seen, a system of non-linear algebraic equations results  '

when the steady-state thermodynamic models for the gasifier and com-

bustor are developed.  One method of solution is brute force.  Osterle,

Impink, and Lipner17 have succeeded in reducing the gasifier equations

to two equations in two unknowns (with ne COS or NH3 assumed to be

present in the power gas).  The resulting equations, although compli-

cated, are solved using a search routine.  The chief disadvantage of

this approach arises when one wants to add more species to the model

or otherwise change the model, since the algebraic exercise must be

repeated.  An approach which can easily accommodate changes in the

model was sought.
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A multi-dimensional Newton-Raphson iterati.ve method of solution

provi des   such a solution. The system of equationscan be "stored"  in

a computer subroutine practically in the form in which we
 wrote them.

Changing the model means changing the affected equations 
and not redoing

the algebra.  Also, as we shall see, it is a trivial matter to accommo-

date the two gasifier modes and the two combustor modes. 
 The general

method will be developed with its application to the tw
o mathematical

models then indicated.

Consider a system of n general non-linear algebraic equ
ations of

the form

fi(xl, x2, •••, xn) = 0

f2(Xl, X2, ... X)=0n

fn(xl, x2, •••, xn) = 0

where the xj are the unknowns and the usual functional notation is

employed.  This may be represented more concisely as

++ +
f(x) = 0 (3.2-61)

where vector notation  i s now indicated  by the overscript   (+).     A  more

general form of Taylor's Theorem may be applied to the 
left-hand side

of Equation (3.2-61) to give

7(x + ax) = 7(i) + [97(x)]Ax (3.2-62)

++ ++   +

where the gradient of the vector f(x) is indicated by Ff(x) .and Ax .is
+

an incremental change in the vector x.  Now let 
us associate'the k-th set
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of values for the vector * by x<;-that is, the k-th iteration.'  For this
particular interation, 'Axk =Xi<+i - xi<'and Equation (3.2-62) becomes

++ ++

f(xk+1) = f(xk) + [v.7(xk)](xk+1 - xk) (3.2-63)

But we would. like the k+1 -th set of values for x to be close·to the
+

solution if convergence is to take place or f(xk+1) = 0.  Indeed let
0+                             -

us force f(xk+1) to be zero and see if the resulting condition is

capable of converging to the solution.. So, solving Equation (3.2-63)+for xk+1 after setting f(xk+1) equal to zero gives

xk+1 " xk - [Vf(xk)]-1 7(xk) (3.2-64)

where the inverse of the gradient matrix is indicated.  Note that if
+

f(xk) = 0 (that is, the xk are a solution),then x    - tk as it should.k+1

We see that the correction vector Axk to the previous iteration (xk) is
Axk    "     - [ 71(xk)]- 17(xk)' (3.2-65)

The meaning of v7(;k) is evident from the following matrix representation*.

afl     afl..      .afl
3xl   3x2         3xn

3f2 -   3 f2

Tiri-               Tin
vf (Xk)    "

3 f n            3 fn 3fn

ET    2         3Xn1 I

where each entry is to be evaluated for values of x at the k-th iteration.

However, since the computer will be used to get a solution, this gradient
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1

matrix may be approximated to a high degree of accuracy by using a                   f

central difference approximation to each parti
al·derivative indicated.

11*

This eliminates the need to provide the computer with these partial      '               F

derivatives.  In fact, it is impossible to gen
erate explicit formulas                   8

for some of the derivatives anyway; for exampl
e,.the mole fraction of                   „.

4

water vapor appears as an argument in the enth
alpy function.                             1

1 1                      
                       

I               -1

One more point should be made regarding Equations (3.2-64) and                  «,i'
1'.-,i

11 «11, 'r

(3.2-65) before we apply this method to our tw
o mathematical models.

1, 9
105

1         Ka.'.

During the implementation of this scheme, it o
ften Happened that the

itf
'.7

*4

next value for a particular unknown would beco
me negative.  This is

disastrous if the unknown happens to be a mole
 fraction, since we must l

take the natural logarithm in the equilibrium 
equation for that species.

This problem must be avoided if we are to use 
this method.  The fol-

lowing slight modification happens to solve th
e problem.  Let us

concentrate on only one of the unknowns x (x c
ould be x1, x2, or xn

and may represent a mole fraction).  Let the correction to x be ·given

by 6 [provided by Equation (3.2-65)], and let 
xi be the value of x

at the next iteration. Then

xi=x+6

and dividing by x gives

vl      6
2- =1+ -
X         X

Now assuming that |6/x|<< 1, and using the fac
t that Zn(1 + 6/x) = 6/x,

we can take the natural logarithm of both side
s of the last equation to

gi ve
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,       ,

'Eli(xl/X) = 6/X
i

i

or

1     6/x
x  = xe                                                   ·      (3.2-66)

Note if we are at the solution (6=0), then xi=x as it should.. Whenever

a particular variable (un2nown) must remain positive, Equation
6(3.2-66)

is used in the iteration to get the next value for the unknown.  Other-

wise, Equation (3.2-64) is used .dirdctly.

Now we apply this solution method to the mathematical models of

the gasifier and combustor.  The adiabatic gasifier will be discussed

first.    The  fi rst ten unknowns are' taken  to  be  the mole fractions  of

the ten species indicated in Table 3.2-3, where the reason for numbering

the species is now apparent.  The next four unknowns are AH/RTe' Al/RTe'

AN/RTe' and AS/RTe respectively.  The fifteenth unknown is the steam

flow and the sixteenth one is the air flow.  By including RTe in the

terms containing the Lagrange multipliers, we get a much better condi-

tioned gradient matrix which ensures a well-behaved matrix inversion.

This scaling was crucial to the success of this method of solution.

Without this simple modification, the iteration would not converge

properly. A typical case takes' seven iterations to get five signifi-

cant figures on each mole fraction.

As mentioned during the development of the gasifier model, the

endothermic gasifier is a special case of the adiabatic gasifier.

By setting the sixteenth unknown, wa' equal to zero (zero air flow)

and solving the first fifteen equations, a unique solution is obtained.
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Then .the energy equation is used to calculate the amount of heat. Q
'  gas'

which is required.  Note that fl to f6 are the mass balance equations;

f7 to f15 are the equilibrium equations, and f16 is the energy equation.

Thus, the two gasifier modes are easily accommodated.

A very similar approach is taken to obtain'a solution to the

combustor equations.     Now the first fifteen, unknowns are taken  to ·be

the mole fractions ·of the fifteen  species  indicated  in  Table  3.2-6.

The next five unknowns.are Ac/RT , AH/RT , Al/RTp, AN/RTp, and'AS/RTp.

The  twenty-fi rst and final unknown, is either the excess air fraction  E

(with T  specified)  or the product .gas exit
temperature  T   (with  E

.

specified).  When the endothermic gas.ifier· mode is needed in a cycle,

the heat which must be supplied to the gasifier comes from the com-

bustor-so Qcmb = -0   /N . where N(£ represents the number.of moles of'gas c.c
clean power gas produced per pound  of coal . (after the desulfurization

process).  Note now that fl to f6 are the mass balance equations, f7

to f20 are the equilibrium equations, and f21 is the energy equation.

Convergence to five significant figures on the mole fractions usually

occurs within eight iterations.

3.3  Waste Heat Boiler

The waste heat boiler is composed of three sections: an economizer

(EC),  an evaporator  (.EV), and a superheater  (SH).' The economizer sec-

tion acts' essentially as ·an additional stage of feedwater heating

where the .relatively hot combustion gases provide the necessary heat

instead of s.team extraction from the steam turbine. Without the
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economizer, more energy would be lost through the stack as sensible heat.

The evaporator kection is self-descriptive.  The slightly subcooled

water. which enters the boiler is evaporated to dry saturated steam by

the heat provided by the hot combustion gases.  Finally, the super-

heater section superheats the steam.  A schematic representation of

the waste heat boiler is shown in Figure 3.3-1.

It is instructive to construct a T-Q or temperature-heat flow

diagram.  This is shown in Figure 3.3-2 not necessarily to any scale.

The upper unbroken  1 ine represents  the  flow  of the hot product gases

from the entrance to gas-side of the boiler, through the superheater,

evaporator, and economizer sections respectively, and finally to the

stack.  The lower broken line represents the flow on the water side of

the boiler. Feedwater enters the water-side of the economizer section

in a counterflow arrangement, boils in the evaporator section, and

finally is superheated in the superheater section again in a counter-

flow arrangement.

The temperature nomenclature at key points in the.boiler for both

the steam-.and gas-sides is indicated on Figure 3.3-2.  The.same sub-

scripts will be used for the other properties (enthalpy and pressure)

for these points. The pressure is denoted by the symbol P, while the

molar enthalpy is represented by R and specific enthalpy by h.  Further-

more, let mG represent the number of moles of product gas and ws the

mass  flow of steam generated  in the waste  heat  boi ler.    Let us further

define the pinch point temperature difference AT to be the minimum
PP

temperature difference between the gas-side and water-side of the
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boiler.  We do not know a priori if this is T T T -T orGl -  S4' G3 S3g'

T -T The determination of where the actual pinch point occursG4    Sl'

makes this model somewhat interesting.

Before explaining how the pinch point is found, it is appropriate

now to mention the variables which·we assume to have known values.  As

in all the models, the pressures at each point are specified' PGl '
PpppPP and P Both the number of moles ofG2' 63' 64' Sl ' S2' S3f' 54'

gas, mG' andthe composition of this gas are presumably known (from

prior component calculations). While the composition dependency on

enthalpy for the gas is not explicity written, it is implied; for

example, h is written with the understanding that the pressure PG3                                                        63'

the temperature T amd the mole fractions are all implied arguments.63'

The temperatures T and T are assumed to be known.  However, we61       54

shall see very shortly that it may become necessary to lower TS40

Finally, the pinch point temperature difference AT   and the degrees
PP

of subcooling of the inlet fluid to the evaporator section AT   areSC

also presumably specified.  All other temperatures, enthalpies, mass

flows, and heat flows are calculated.  One more restriction, however,

must be imposed: the stack gas temperature T must be above the dew
G4

point temperature.    Thi s ensures  that the water vapor  in  the  gas  does

not condense, thus avoiding possible corrosion problems in a real

plant.

Now the solution strategy can be discussed.  First, the possible

pinch point between T and T must be checked to ensure that theGl      S4

difference T -T is greater than or equal to AT  .  If it is not,
61    54                                pp

the input value of T is modified according toS4
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T =T - AT                                                (3.3-1)
54    Gl     pp'

Otherwise, TS4 is unchanged.  In any event, the next step is to assume

a location for the actual pinch point.  From Figure 3.3-2, this can be

either between T and T or between T and T The latter is63      539             64      Sl'

assumed first and all calculations proceed on this basis.  This assump-

tion is checked by calculating T -T and verifying that this63    S3g

difference is larger than AT  .  If it is not, then the pinch point

is assumed to be between T and T539 with the calculations proceedingG3

on this basis.  (A redundant check is provided by checking to see if

T   - T   is greater than AT  : at this point, it must be or there isG4    51                    pp-

no solution.)  After the pinch point has been located, the remaining

unknown parameters can be calculated.

No matter where the pinch point occurs, TS3f is immediately known

since P is specified and the water is in the saturation state.53f

Also, Ts39 = TS3f' since we further assume no pressure drop in the

saturation portion of the evaporator section; that is, PS39 = PS3f.

Then T is also easily calculated fromS2

T   =T -A T (3.3-2)52 SM SC

As mentioned above, T either is a specified input or is modifiedS4

according to Equation (3.3-1).
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3.3.1  Pinch Point between T and T
4.

64      Sl

By assumption                                     ,·       .,   ·  ,

T   =T   +A T
G4    51     pp i

'

and since P,T  and P T   (and the gas composition) all have knownGl   Gl      G4'  G4

values,  %1   and hG4' respectively, are obtained  via the property relations.

Similarly  h   and h are also easily determined from the steam tables'  Sl S4

since Psi, TSi .and PS4' TS4';respectively, are known.. An energy balance

on the entire waste heat boiler gives

WS(hS4 - hsl) = mG(h61 - hG4)

which may be solved for the steam flow,

1%1 - 'GA
wS =mG<h   -h

I (3.3-3)
S4 Slj

Because T P   are known, h is known and an energy balance.on the   ;S2'  52             S2

superheater and evaporator sections taken together gives

wS(h54   -   hS2)   =   mG(i;Gl    -   hG3 )

-

which may be solved for h as
G3

Wf
h  =h  - =-(h -h) (3.3-4)63    Gl   m   S4    52'

G

Now since P and h (and the gas composition) are known  T   is found
G3      G3                                      '  63

from the *roperty relations.  If T -T is greater than or equal .63    53g
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to AT  . then the correct pinch point has been assumed.  Otherwise,· the ,
pp.

pinch point must be between T and T
G3      S39'

3.3.2  Pinch Point between T and T
G3      S3g

By assumption, PG3 ts known and

T =T + ATG3     53g     PP

from which K   may be found from the property relations.  Now.an energy
G3

balance on the superheater and evaporator sections taken together gives

wS(hS4 - hS2) = InG(E.Gl - EG3 )

which may be solved for the corrected steam flow, or

/KG1 - KG3 1

wS = mG<h54 - h52,/

(3.3-5)

Now an energy balance on the entire boiler gives

WS(hS4 - Sl' G'Gl -  64'
h) =m (F F l

from which K  may be obtained,
G4

WS

 4 =  61  - mG(hS# - hsl)                              r                    .  (3.3-6)

where ws is provided by Equation (3.3-5). Since KG4 and PG4 are known,

T   is obtained via the property relations and I· -T must be greater    ,
G4                                              64    51.

than AT  or else no.solution is possible.  This fact is used to provide
PP

a check, since physically a solution must exist.
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3.3.3  Check of Dew Point Temperature

Let the mole fraction of water vapor in the gas be denoted by FH20.

Then the partial pressure of the water vapor PH2  in the stack is given

by·

PH20 = pH20  64

From the steam tables,  we can obtain the saturation .temperature

corresponding to PH2  which is, by definition, the dew point temper-

ature, T If T is not greater than T  , the analyst is alerted
DP'       64                        DP

(by an appropriate message in the corresponding computer subroutine).

However, the calculations described in Section 3.3.4 still  roceed.

3.3.4  Calculation of Remaining Unknown Parameters

Since P and T are known, h539 is readily determined fromS3g S3g

the gas tables, and ah energy balance on the superheater gives

wS(h54  -  hS39)  =  InG(EG1   -  5-62 )
7

which may be solved for h  asG2

WS

h62  =  h61  - 5(1154  «
1'53g)' (3.3-7)

Since PG2 is also known, TG2 may be obtained from the property relations.

It should be noted that the proper relation for ws must be used in

Equation (3.3-7) depending on the location of the pinch point.  Let

the amount of heat transferred in the economizer, evaporator, and
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superheater sections be QEC' QEV' and QSH' respectively.  It immediately

follows that

QEC =
w
S(hS2 - hsl)'

QEv = ws(hS39 - h52)'

and

QSH = wS(hS4·- hS39)'
\

For completeness, h is easily obtained from the steam tables since53f

T    is known.
S3f

This completes the derivation of the mathematical model for the

waste heat boiler.

3.4  Supercharged Boiler

Like the waste heat boiler, the supercharged boiler is composed of

three sections: an economizer (EC), and evaporator (EV), and a super-

heater (SH).  These serve the same purpose as in the waste heat boiler

and the discussion at the beginning of Section 3.3 will not be repeated

here. A schematic representation of the supercharged boiler is shown

in Figure 3.4-1.  Note that we shall include the gas turbine as part

of the model.  The reason for doing this will become apparent when we

develop the governing equations.

As mentioned in Section 2.1, the path of the gases in the super-

charged boiler is different·than that in the waste heat.boiler.  In

the latter, the gas which is exhausted from the gas turbine enters the
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superheater, evaporator, and'economizer sections in that order before

exiting the system through the stack.  In the former, the hot gas directly

from the combustor· first enters the evaporator and then the superheater.

The exhaust gas from the superheater enters the gas turbine where useful

work is obtained from the fluid.  The exhaust gas from the turbine then

enters the economizer before exiting the system through the stack.

· Once  again it:is useful to construct  a  T-Q or temperature-heat  flow

diagram,. which is-shown in Figure 3.4-2, again not necessarily to any
scale.  The upper line represents the flow of the hot gas as it is

cooled in the boiler.  The drop in temperature of the gas between the   :

superheater and economizer sections  is  due .to the presence  of ·the  gas
turbine at this point. The lower broken, dashed line represents the

flow on the water side of the boiler.  Feedwater enters the water-side

of the economizer in a counterflow arrangement, boils in the evaporator

section, and finally is superheated in the superheater section again

in a counterflow arrangement.

The temperature nomenclature at key points in the boiler for both

the steam- and gas-sides is indicated in Figure 3.4-2.  Again, these

same subscripts will be used for the other properties (pressure and

enthalpy) for these points. The pressure 'is once again denoted by P,

the  molar  enthalpy  by  h,  and the specific enthalpy  by  h.    Once  more,

let mG represent the number of moles of product gas and ws the mass

flow of steam generated in the supercharged boiler.  Again we define

the pinch point temperature difference AT as in Section 3.3, but now
PP

we do know where this will occur in the boiler.  Because of the magni-

tudes of the temperatures at each· of these points (see Chapter 5),
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the pinch point; will invariably occur at the exit of the stack. 'However,

for this model, we .shall  see that T52 is not simply calculated as it was    -

for the waste heat boiler but .rather has a value which depends  on  the

energy balances as shown below.

The following variables are assumed to have known values.  As in

all the models, the pressures at each point are specified: PG1'' PG2' PG3'

PpppP and P
64' 65' Sl' 52' 53f' S4.  Again both mG and the gas composition

are presumably known, as well as the temperatures TG1 ' T T    and·T
63' Sl' S4'

The minimum pinch point temperature difference AT  ·and the minimum num- .
PP

ber of degrees of subcooling. of th6 inlet.fluid to the evaporator section

AT    are also assumed to be specified.  Because the gas turbine is
min

included in the model, we assume also.that the gas turbine efficiency

is specified.  (See Section 3.10).  If the dewpoint temperature T   of
DP

the stack gas is reached, then the stack gas temperature is raised..:

appropriately, increasing the effective pinch point temperature differ-

ence.  We shall see shortly that the effective AT   at the stack mayPP

be increased for another reason.

Now we are in a position to discuss the solution: strategy. First,

the dew point.temperature T must be found .to ensure'that T   is
DP                                 GS

greater than TDP·  Let WH20'be the mole fraction of.water vapor-in

the stack gas. The partial pressure of the water vapor PH2O in ,the

stack gas is then given by

PH20 = WH20  65
(3.4-1)

Now from the steam tables, we can obtain the saturation temperature

corresponding to p which is, by definition, the dew point temperature: . . .

H20
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T     If TDp - T   is greater than AT  . then T   is taken to be equalDP'                  Sl                            pp-          GS
to T Otherwise, T is taken to be equal to T + AT  .  Next, sinceDP'               65                            Sl     pp

the gas turbine efficiency is specified, along with P T P    and63' 63' G4'

the gas composition, the gas turbine model described in Section 3.10

gives values for T h    and h   (as well as the work done per unit64' G3'      64

mass of fluid).  Because P T   and P T   are known, 4 and h
S4'  54      Sl'  Sl             S4      Sl

are determined from the steam tables.  Similarly  P   and T (and the'  Gl       Gl

gas composition) uniquely determines h 1 from the gas table property

relations. It is assumed that P =P and so it follows that
S3g S3f

TS39 = TS3f where TS3f is the saturation temperature corresponding to

PS3f from the steam tables.  Similarly we get h and h
53f      539

Using the value for T as described above with that for P   weGS                                   GS'

can get hGS from the gas tables.  By defining 0 to be the following

ratio

 64 - .hGS*= (3.4-2)
hG1 - hG3

where all the h' s now have known values, we can show.that 5-  is then
S2

gi ven  by

h51 + *hS4
h =

(3.4-3)52     1+0

Note that all the parameters on the right-hand side are known.  Then

P   and h may be used to get T from the steam tables. If the dif-S2      52                      52

derence between T and T is not greater that AT . , then Tr  is53 f             52                                                    mi n                   .,5

increased by 10 degree Fahrenheit increments and the calculation begin-

ing with Equation (3.4-2) is repeated until T -T is greater than53f    52
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AT   .   .     In any. event,   once  h52 is known, the steam  flow  ws  may be foundmin

by the following energy balance on the economizer

wS(h52  -  hsl)   =  mG(li 4  -  liG5 ) (3.4-4)

which may be solved for ws as

/h  - 5-\
W    m / 64    G5

1
(3.4-5)

S = "'G hS2 - hsl 

An energy balance on the superheater gives

1"S(hS4  -   hS39)   =  InG(li 62   -  EG3 )

which may be solved for E  asG2

_-WSh   =h   + -(h   -h ) (3.4-6)
G2    G3   mG

S4 S 3g 0

This result and the known value for P determines T Finally, the62             G2'

amount of heat transferred in the economizer, evaporator, and super-

heater sections are

QEC = wS(h52 - hsl) (3.4-7)

QEv = ws(h539 - h52)'                                         (3.4-8)

and

QSH = WS(h54 - h539)'

respectively.

Equation (3.4-3) will. now be justified. An energy balance on the

evaporator and superheater taken together gives

3-47



wS(hS4 - hS2) = mG(liG1 - liG3 )

which when consi dered with Equation (3.4-4), may be solved for hS2 as

h   = hSl

+     1 4            GS th

I F \
irG1 - EG3j 54

52
- (3.4-3a)

64    6511  +1
\  61   -  £63j

which is Equation (3.4-3) with the term in the parentheses being * defined

by Equation (3.4-2).  In retrospect, it probably would have been better

to specify T (or AT instead of AT . with T =T - AT  ) which52 ' SC min       S2 53f SC

along with PS2 would establish h Then Equation (3.4-3a) could have
S2o

been solved for h which with P would establish T The pinch point
GS              GS                   GS

temperature difference AT would then only be used as a check to ensure
PP

that this minimum difference is not violated.  This·alternate approach

would yield a value for T within 10 degrees Fahrenheit of that fromG5

the original formulation.  This difference is not significant and,

furthermore, the amount of subcooling is somewhat arbitrary anyway.

This completes the derivation of the mathematical model for the

supercharged boiler.

3.5  Air and Gas Compressor

Consider the adiabatic compression of a mole of a gaseous fluid

(air or another gaseous mixture) from pressure Pl to pressure P2

in a steady-flow process for which the kinetic and potential energy

changes are negligible. A schematic· representation of such a device
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is shown in Figure 3.5-1.  Because there are irreversibilities associated

with the compression process, the· molar entropy  s must increase since  we

already assumed the process 'to be adiabatic. The irreversible process is
shown in Figure 3.5-2 in temperature-entropy coordinates as a dashed line

since the path is not really known.  The isentropic compression from Pl

to P2 is shown as a solid line on the same figure.

For this type of process, we use the usual,definition for the

efficiency n  which is defined to be the ratio of the. isentropic work
C  .

required W. to the actual work required W both defined here onisen                              act  ,

a mole basis,

 i
isen

n -
(3.5-1)C Wact

Denoting. the properties  at the end ofthe jsentropic ,process  by the prime

(') and those at the end of the.actual process without the prime, we may

write .from the first law.

IT·       " 52 '. Tilisen

and

i act = li.2 - $1 (3.5-2)

where the hi, h2, and h2' are molar enthalpies. Therefore, the definition

of compressor efficiency then becomes

1 2' - Fl  .                                        '
(3.5-3)

TIC   =   K2   - Kl: „

The following parameters are assumed to be known: the gas or air com-

position, the pressure Pl and P2, the temperature Tl, and the efficiency
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nC.  The state at the end of the actual process is to be determined as well

as the amount of work required during the process.

Since Pl, Tl, and the gas or air composition are known, the state at

the begihning of the process is completely speci fied.   From the· gas tables

we  may get both  hi  and sl where s denotes the molar entropy.    But  by

definition  s '  = Sl which considered  with P2 compl etely specifids  the

state at the end of the isentropic process. Therefore, h ' is determined.

Now Equation (3.5-3) may be solved for h2 as

-   -   h2, - hl
h2   =   h i '+

(3.5-4).n
C

The actual work required Wact per unit mass is then given by

Wact = (h2 - Ki)/v

where v is the molecular weight of either the air or gas under consider-

ation.  We have, therefore, determined the work done during the process

and the state of the fluid at the end of the irreversible process.

3.6  Condenser

Let us consider the condensation of wet steam to a saturated liquid

condition on the shell-side of a condenser by the transfer of the latent

heat to a secondary water stream on the tube-side.  To be more general we
allow for a second inlet stream on the steam-side to the hotwell, since we

anticipate that the condensate from the feedwater heater closest to the

condenser will be flashed through a throttle .valve and finally through

a return line into the hotwell.  A schematic representation of the

condenser is shown in Figure 3.6-1.
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It-is convenient to assume that the following parameters are specified:

the temperature T and pressure P tif the'cooling water inlet; the pres-Wl                 Wl

sure P of the cooling water outlet; the temperature rise of the cooling
W2

water ATW; the pressure Psi, the quality xsl' and the mass flow of steam-

water mixture .wsl  into the condenser  (from the steam turbine) ; the pressure

P   of the saturated liquid condensate; and, finally, the pressure PR' the
S2

quality xR' and the mass flow w -for the return·line.

In practice, PR is generally equal to Psi since a throttle valve is

used in the return line to make these pressures compatible.  Also, since

no pressure drop is assumed on the shell-side, then P is equal to PS2               Sl

Furthermore, the fluid at the shell-side outlet is assumed to be saturated

liquid water.  The temperature-heat flow diagram is shown in Figure 3.6-2.

The condensing steam line in this figure is horizontal since the saturation

temperature is constant for a constant pressure.

The same subscript designation will also be applied to the specific

enthalpies, thus defining h    h    h- h and h From the steamSl ' 52' R'   Wl
' W2

tables we immediately can determine values for h h   and h. since the
Sl  '      R'                 Wl

corresponding states are completely specified.  Clearly,

T   =T +A T (3.6-1)
W2    Wl      W

by definition, which with P completely specifies the state of theW2'

cooling water at the exit; therefore, h is determined from the steam
W2

tables.  Because the condensate leaving the hotwell is assumed to be in

a saturated liquid condition and the pressure at this state is known,

j. we  deternii ne T from the steam tables as the saturation temperature
S2
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corresponding to P and h is also easily determined.  Erom continuityS2'      52

of mass, we must have

wS2 = Wsl + wR (3.6-2)

for the shell-side of the condenser.  Now an energy balance on the entire

condenser gives  :

wW(hW2 - hwl) = wslhsl + wRhR - WS2hs2

which we may solve for the cooling water flow ww as

wSlhsl + wRhR - WS2hS2
wW =       h   -h                                             (3.6-3)

W2    Wl

The amount of heat rejected Qw is then obviously

Qw = ww(hW2 - hwl)' (3.6-4)

1
·

For  completeness,  TR'is also determi ned since  PR is known  and the fluid
is a saturated steam-water mixture.

3.7  Deaerator

Many times a deaerator is referred to as an open feedwater heater.

These two terms can be used interchangeably. In order to avoid corrosion
-

problems  in  the heat transfer  devi ces,  it is necessary to remove  the

entrapped air in the feedwater.  This is most commonly done by using an

open feedwater heater.  For our purposes, we do not have to actually

model the air ejection, since this is not relevant to our problem.  There-

fore, we shall treat the deaerator as a simple open feedwater heater.
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A schematic representation is shown in Figure 3.7-1.  Again we include

the possibility of a return line for a reason similar to that cited in

the development of the condenser model in Section 3.6.

We assume the following parameters are specified: the pressure P
L1

and temperature T of the feedwater into the deaerator; the outletL1

pressure FL2 and the outlet flow wL2; the pressure PR' the quality xR'

and the mass flow wR of the saturated steam-water mixture in the return

line; the pressure PS and either the quality xs (if saturated) or the
temperature TS (if superheated) of the extraction fluid.  By definition

of an open feedwater heater, the mass flows into the heater intimately

mix, producing one outlet flow stream in a saturated liquid condition.

As is the usual case, the same subscript designations will be

applied to the specific enthalpies, thus defining hs  h   h  , and hR'  Ll       L2

From the steam tables, we can immediately determine values for hs, hR'

and h since the corresponding states are completely. defined.  If the
L1

extrdction fluid is saturated, then specifying Ps fixes TS as the

saturation temperature corresponding to PS; if superheated, xs is no

longer meaningful.  The temperature T at the feedwater outlet is alsoL2

easily obtained from the steam tables as the saturation temperature

corresponding to pressure P and h is simply the saturated liquidL2'             L2

enthalpy of the outlet fluid.  Because the return flow fluid is saturated,

TR is the saturation temperature corresponding to PR.

Now with all the appropriate enthalpies at each state point specified,

an energy balance on the deaerator will give an expression for the extrac-

tion   flow ws .as follows. The energy balance yields
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wLlhLl + WShS + wRhR = wL2hL2 (3.7-1)

which when the mass balance equation

WL2 = WL1 + WS + WR (3.7-2)

is consi dered to eliminate the unknown mass flow w between EquationsL1

(3.7-1) and (3.7-2) we may solve for ws as

wL2(hL2 - hLl) + wR(htl - hR)
WS

=
h-h (3.7-3)
S    Ll

Now with ws known, Equation (3.7-2) may be solved for the. unknown feedwater

inlet flow as

WLl = wL2 - ws - wR (3.7-4)

Thus, the states and mass flows of the four flow streams are completely

specified.

One may ask why w is considered to be a known while w is unkonwn.
L2                                       Ll

This is most simply answered by referring to Figures 2.3-1, 2.3-2, 2.3-3,

or 2.3-4.  When we add feedwater heaters later the last component in the

feedwater train will be a deaerator.  Since the steam flow to the steam

turbine is presumed to be known at this point in the cycle calculation,

it is easily seen in these figures that w is precisely equal to steamL2

turbine inlet flow which is known from a prior component calculation,

namely the waste heat or supercharged boiler calculations discussed in

Sections 3.3 and 3.4, respectively.  This kind of reasoning is used

throughout the model development and has resulted in simplifying the
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complexity of the model input and output considerably.  In rare cases where

an assumed input parameter  is not really known, an iterative procedure

using the model as developed could be easily implemented.

3.8  Closed Feedwater Heater

A closed feedwater heater is a heat exchanger in which steam extracted

from a steam turbine provides the heat necessary to raise the temperature

of the feedwater.  A schematic representation is shown in Figure 3.8-1.

As we have done in the condenser and deaerator models, we shall allow for

more flexibility by including a return line from a downstream feedwater

heater to the shell side of the feedwater heater under consideration.

Now it is convenient to assume the following parameters are specified

from the outset: the pressure PL1' the temperature T and the mass flowLl '

WLl of the feedwater into the heater; the pressure Psi and either the

quality x or temperature T of the steam extraction fluid; the pres-
Sl                  Sl

sure PR' the quality xR' and the mass flow wR of the fluid entering the

shell-side through the return line; the pressure P of the feedwater
L2

outlet flow; and, finally, the terminal temperature difference ATTTD

between the shell-side temperature T   for T   or TR) and the temperatureSl  '    S2

T   of the feedwater outlet.
L2

As in the condenser model, the return line pressure PR is in general

equal to P Also, since no pressure drop is assumed on the shell-side,
Sl '

then P is equal to P Furthermore, the fluid at the shell-side out-
52              Sl'

let is assumed to be saturated liquid water.  The temperature-heat flow

diagram is shown in Figure 3.8-2, where the terminal temperature differ-

ence AT is indicated.  The condensing steam line in this figure isTTD
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horizontal since the saturation temperature is constant for a constant  

pressure.

'

We note that the model allows for specification of the state of the   '

steam extraction fluid by either Psi, x51 if saturated or P  ,T   ifSl   Sl

superheated.  It is a simple matter to then determine Tsl in the former

as the saturation temperature corresponding to P If the fluid is51'

superheated steam, then x is not meaningful.  In any event, the specificS1

enthalpy hsl is also easily obtained from the steam tables.  Figure 3.8-2

is valid only if the steam extraction fluid is in a saturated state,

which is the usual case in practice.

The steam tables once again provide us with the-enthalpies of the

states which are completely specified by the variables assumed to be known.

First P T   determine h Since we assume the shell-side outlet'   Ll'   Ll                    Ll'

fluid to be saturated water, then T is the saturation tempe rature   cor-S2

responding to the pressure P which is taken to be equal to P Clearly,S2                                 Slo

this is also fixes h52.  Then from the definition of the terminal temper-

ature difference,

T =T - AT (3.8-1)12 52 TTD'

This with P fixes h since we have a subcooled liquid state.  Finally,
i L2        L2'

PR and xR completely fix hR.  Now with all the enthalpies known, the

energy balance equation for the entire heater is

WL2hL2 - wLlhll = wslhsl + wRhR - wS2hS2 (3.8-2)
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But by continuity of mass on the tube-side, we have

(3.8r3)WL2 = WLl'

and on the shell side,

wS2 = wST + wR (3.8-4)

Using Equations (3.8-4) and (3.8-3) in Equation (3.8-2) and solving for

wSl' we get

wLl(hL2 - hLl) - WR(hR - h52)  i
(3.8-5)wSl =           h   -hSl    52

With the steam extraction flow wsl' fixed by Equation (3.8-5), the shell-

«side outlet flow is given by Equation (3.8-4).  We have thus determined

all the remaining unknown parameters.

3.9  Gas Cooler

This model is especially simple since the main purpose is to calculate

the amount of heat which is discarded.  Because the rejected heat is not

used, this represents a heat loss from the cycle in which such a component

is used but does not necessarily Tower cycle performance.  This particular

component may be part of an intercooled compressor as mentioned in Section

3.1 or, as we shall see later, it may be used to cool the gas before the

sulfur removal process.

It is convenient to assume the following parameters are known in

the model: the gas composition, the pressure Pl and temperature Tl at the
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inlet, the pressure P2 and temperature T2 at the outlet, and the number

of moles, m, of gas passing through the intercooler.  Figure 3.9-1 shows

the schematic representatidh of a gas cooler, which may at times be

referred to as an intercooler.  The heat removed Q from the gas is then

simply

Q = m(hi - h )

where Tl is assumed to be greater than T2, and iii and K2 are the molar

enthalpies of the inlet and outlet fluids respectively.

#

3.10  Gas Turbine

Now we consider the reverse of the process described in the air and

gas compressor models.  We want to model the adiabatic expansion of a

mole of a mixture of gases from a pressure Pl to a pressure P2 in a

steady-flow process.  Again we neglect the changes the kinetic and poten-

tial energy and heat losses.  A schematic representation of the gas

turbine is shown in Figure 3.10-1.  Like the compression process.we have

irreversibilities associated with the expansion.process.  Thus the molar

entropy s must increase during the process.  We show the irreversible

process in Figure 3.10-2 on temperature-entropy coordinates as a dashed

line since the path is not really known.  The isentropic expansion from

Pi to P2 is shown as a solid line on the same figure.
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Now we define the efficiency of the gas turbine nT to be the ratio of

the actual work produced W to the isentropic work produced W. . bothact isen-

defined here on a mole basis, or

W
act                                                       (3.10-1) T ;

Wi sen

Following our convention of denoting-the state at the end of an

isentropic process by a  prime   ('),  we  can  write  from the first  law  that

w.           =hi   -   h2
*

(3.10-2)isen

and

W = hi _ h2 (3.10-3)act

where the h's are all molar enthalpies at the states indicated by the sub-

scripts.  So the efficiency becomes

 -1 -h 2
nT = -h-1 - K2'                                                       (3.10-4)

+

For convenience, we assume the following parameters are known: the

gas composition, the pressures Pl and P2, and temperature Tl , and the

efficiency nT.  We want to determine the state of the gas mixture at the

end of the expansion and the actual amount of work produced on a mass

basis, Wact'

Since the gas composition, Pl, and Tl are known, the state at the

beginning of the process is completely determined.  We get both hi and si
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from the gas table properties. · Then by definition, 52' = sl, and with .P2

fixed, ·we·have established h '. Solving Equation  (3.10-4)  for 52 gives

h2 = hi - nT (hi - h2*)·
(3.10-5j

If we denote the molecular weight 07 the gaseous mixture as 0, then the

actual work produced on a pound basis is given by

W    = (hi - h:)/v (3.10-6)
act

With h  and P2 fixed, we can easily get the temperature T2 of the fluid
at the end of the actual expansion, as well as any other property.

3.11 Gas-to-Gas Counterflow Heat Exchanger

The concept of heat exchanger effectiveness may be used to advantage

in a thermodynamic analysis of any power cycle in which heat exchangers

may be required.  Earlier we have recognized the fact that we are limiting

this modeling effort to the thermodynamics of the processes only.  We

agreed that for our purposes it is not necessary to know how large a

particular component would have to be.  But the very concept of a heat

exchanger entails considering such factors as heat transfer coefficients,

heat transfer areas,  and so forth, which all depend  on the geometry  of

the device.  We shall see below how our using the effectiveness £, defined

to be the ratio of the actual heat transfer to the maximum possible,

sufficiently characterizes the heat exchanger to enable us to retain our

thermodynamic approach.  We further limit this model to gas-to-gas heat
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exchange'in a counterflow arrangement because in Chapter,5 we shall see   '

that this particular component will improve the cycle performance signif-

icantly.

A schematic representation of the gas-to-gas counterflow heat exchanger

is shown in Figure 3.11-1.  Because we shall use this device to regenerate

heat from one fluid to another, we may also refer to this component as a

regenerator.  Let us assume the following parameters are specified from

the outset: the effectiveness e; the molar flows of the hot and cold fluids,

mh and mc' respectively; the pressures at inlet to and outlet from the hot

side or P and P respectively, and at the inlet to and outlet fromhl      h2'

the cold side or P and P respectively; the temperatures at the inlet
Cl      c2

to both the hot and cold sides or T and T respectively; and finally,hl      Cl'

the composition of the gases on both sides.

Depending on the relative heat capacities which is the product of the

molar flows and molar specific heats, we may get two different temperature-

heat flow diagrams as shown in Figure 3.11-2.  In Figure 3.11-2(a), the

hotter fluid is assumed to have the smaller heat capacity or mhEPh is
less than m F where c and c are the molar specific heats of the hot

c-Pc Ph      Pc

and cold fluids, respectively.  In Figure 3.11-2(b), we assume mcE   isPC
' less than mhcph' These  devi ces are usually well insulated  and  so  it  is

reasonable to assume no heat loss.  An energy balance on entire regenerator

then gives

mccpc (Tc2  -  Tcl )  =  mhcph (Thl.  -  Th2 ) (3.11-1)

From this equation, we see that the difference between T and T must
hl       h2

be larger than that between T and T when m. F is less than m Ec2      cl       h -Ph c Pc'
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and vice versa.  Based on our definition of effectiveness, we can get
S. -·

two different expressions depending on which fluid has the minimum heat

capacity.  If the hot fluid is assumed, then

, = Th,   Th, (3.11-2a)

hl    cl

but if the cold fluid is assumed, then

TC2 - 'cl (3.11-2b)E=T -T
hl    cl

We must be careful, therefore, in choosing the correct defining equation

for the effectiveness.

Because we prefer to work with enthalpies rather than specific heats,
.

an alternate equivalent approach will be taken.  We shall first assume

the hot fluid has the minimum heat capacity and use Equation (3.11-2a)

to solve for Th2.  Then an energy balance will give Tc2.  The amount of

heat transfer is then readily calculated.  Then, we shall assume the

cold fluid has the minimum heat capacity and use Equation (3.11-2b) to

solve for T Now the energy balance will give T and again the
c2'                                       h2

amount of heat transfer may be calculated.  The minimum fluid must be

the one which, when assumed as above, results in the smaller amount of

heat transfer, since the heat transfer Q is given by
20

Q = c(mcp)min(Thl - Tcl)

where (mE.) .  is the smaller of m E  and mhEph.
p min c Pc
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First, we assume that the hot fluid is the minimum one.  Then

Equation (3.1.1-2a) is solved for T as
h2

Th2 = Thl -  (Thl - Tcl) (3.11-3)

With Th2 fixed by Equation (3.11-3) and with P  known (the gas compositionh2

is also known), we can get hh2 from the property tables.  Similarly PCl'
T   and P T   fix h  and h The energy balance in terms of thecl      hl'  hl       cl       hl'

entahlpies becomes

mt,(hhl  - ht,2)  = mc(he2  - Rei) (3.11-4)

which may be solved for h 2 as

h 2 = hci + 4 (ii;,1 - hh2)' (3.11-5)

Since Pc2 (along with the gas composition) is known and h   is fixed byc2 ·

Equation (3.11-5), we can obtain T from the property tables.  The heatc2

transfer
QH, if the hot fluid is the minimum one, may then be given as

QH  =  mh (hhl   -  KI,2 ) (3.11-6)

Next, we follow a similar procedure by now assuming the cold fluid

is the minimum one.  Now Equation (3.11-2b) is solved for T
c2 as

T =T + ECT Tcl)' (3.11-7)(2    cl      hl -

-

We then get h from the gas tables, which we use in Equation (3.11-4)c2

which we solve for h to geth2
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h  =h   .-c(h   -h (3.11-8)
h2      hl  .   m      c2      cl  

h

This fixes T Now the heat transfer Qc may be taken ash2'

Qc = mh(hhl - hh2)'                                        (3.11-9)

If QH is greater than Qc, then the cold fluid has the minimum heat capacity

and we use.Equations (3.11-7)to (3.11-9) to describe the heat exchanger.

If Qc is greater than QH' then Equations (3.11-3) to (3.11-6) are used.

3.12  Steam Generator

The steam generator provides the steam needed by the coal gasifier

by utilizing the sensible heat in the gasifier power gas.  A schematic

representation is shown in Figure 3.12-1.  The model for the steam gener-

ator appears on the surface to be identical to that of the waste heat

boiler.  However, they are quite different since the parameters which

are known are different.  For example, in the waste heat boiler model

we had to determine the steam flow using the fact that the minimum

pinch point temperature difference was to be respected.  Here, the

steam flow is known (fixed by the gasifier model) with the pinch point

temperature difference being used only to determine if, in fact, it

is even possible to raise the required amount of steam.  Fortunately,

in every case of practical interest, we are able to do this.

It is convenient to assume the following' parameters are initially

known: the pressure PL and temperature TL of the water flowing into the

steam generator; the pressure PS and temperature TS of the superheated

steam; the mass flow of steam ws; the pressure PGl and temperature TG1
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of the power gas flowing into the gas-side; the'molar flow of power gas

mG and the gas composition (which, as usual, is needed to determine the

enthalpies); the pressure PG3 of the gas flowing out of the gas-side;

the pressure PG2 of the gas at the internal pinch point shown in

Figure 3.12-2; and, finally, the minimum pinch point temperature

difference AT
pp.

The  temperature-heat  .fl ow diagram  is  shown   in   Figure   3..12-2   for

the steam generator.  .From the steam tables we may immediately obtain

the specific enthalpies hs and hL.  The required amount of heat is

then given by

QSG = WS(hs - hL)•                                            (3.12-1)

Since.we assume no heat losses, this also must be equal to

QSG = InG(--Gl - hG3) (3.12-2)

where %1 is the molar enthalpy from the gas tables since the corre-

sponding state is specified. Equating the right-hand sides of Equations
-

(3.12-1) and (3.12-2), we may then solve for hG3 as

WS

hG3 . hG1 - mG(hS -hL) (3.12-3)

which, with P fixes T An energy balance on the section in theG3' 63'

steam generator between TG2 and TG3 gives an expression which may be

solved for h as
G2

W

h       =  K  ··+S.(h -h) (3.12-4)
G2    63   mG   LS    L
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where h is the saturated liquid enthalpy for water at 0ressure P
LS LS

which is taken to be equal to PL.  From the steam tables we also get TLS

which is the saturation temperature corresponding to P With h
LS'                   62

fixed by Equation (3.12-4) and P known, we get T from the gas table
G2                G2

properties.

We,complete the model by checking to make sure that TG1 - TS,

T   - T    and T - T  are all greater than AT  .  If this were not
62 LS' G3 L PP

the case, then it would be impossible to raise the required amount of

steam by this method and an alternative method would have to be found.

Fortunately, this is not the case as we shall see in Chapter 5.

3.13  Steam Turbine

The steam turbine model is very similar to the gas turbine model.

There are two key differences, however.  The first is the fact that

the inlet fluid to the turbine may be superheated steam or a saturated

steam-water mixture, making the model more complicated.  The second,

which simplifies the model, is that we have only one species to consider,

namely H20·

We find it convenient to assume the following parameters are

initially known: the pressures Pl and P2 at the inlet and outlet of

the steam turbine; the efficiency nT defined similarly to that in

Section 3.10 for the gas turbine; and finally either the temperature
'.,

Tl or quality x1 of the inlet fluid.  A schematic representation of

the steam turbine is shown in Figure 3.13-1.
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To get a multi-stage steam turbine with steam extraction for

feedwater heating we simply connect as many of these single-stage' models

in series as are required.  This approach allows much flexibility in

the use of this single model.  If we were to try to actually model a

multi-stage steam turbine with extraction, we would see that the feed-

water heater models are coupled to the steam turbine model through the

extraction flows.  We avoid this complication by obeying our general

rule to model each process via a single component model where possible.

The solution procedure is similar to that of the gas turbine mcdel.

First, we.construct the temperature-entropy diagrams shown in Figure

3.13-2.  In Figure 3.13-2(a), the fluid is assumed to be initially in

a superheated state and in Figure 3.13-2(b) a steam-water saturated

state.  The final state is shown in the saturation region but we shall

allow in our model for the final state to be either superheated steam

or wet steam.  For the case shown in Figure 3.13-2(a), we define the

initial state by Pl and Ti since these'properties are independent.

For that shown in Figure 3.13-2(b), the initial state is defined by

Pi and x1, where x is used to denote steam quality.  In any event, we

can easily obtain the specific enthalpy hl and specific entropy sl from

the steam tables.  Again we denote the states at the end of the isen-

tropic process by the prime ('), so by definition s2' = Sl•  But P2

is known so, h2' may be found from the steam tables.  But nT is defined

by

h-h12 (3.13-1)
. nT = hi - h2
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which we may solve for h2 as

h2 = hl - nT(hl - h2'). (3.13-2)

The work done by the fluid on a unit mass basis W ·is then
act

Wact = hl - h2                                                (3.13-3)

If the state at the end of the expansion process turns out to be in

saturated region, the quality x2 can be easily calculated.  The temper-

ature T2 is also now fixed since P2, h2 specify the state at the end

of the actual expansion process.

3.14  Gas Cleanup System

The purpose of the gas cleanup system is to remove a significant

amount of the undesirable species in the power gas produced in the

coal gasifier.  For example, as we shall see in Chapter 5, most of

the sulfur in the coal combines with some of hydrogen present to form

hydrogen sulfide, H2S,  with a smaller amount combining with carbon

and oxygen to form carbonyl sulfide, COS.  Fortunately, as we saw in

Chapter 2, there are many well-known processes which are designed to

remove H25 from a gas to just about any desirdd purity.   In fact, as

we have discussed in Section 2.2,·this is one of the motivating reasons

for gasifying the coal in the first place.  A schematic representation

is shown in Figure 3.14-1.

It is convenient to assume that the following parameters are

known: the composition of the power gas into the gas cleanup system
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on a mole fraction basis p ; the pressure P and temperature T of
i,1                    Gl                      Gl

the dirty power gas; the pressure PG2 of the clean power gas; the mass

flow wG1 of the dirty power gas; and finally the removal efficiencies

of the hydrogen sulfide, carbonyl sulfide, carbon dioxide, and ammonia

vapor or nH25' nCOS' nCO2' and nNH3' respectively.

Given the gas composition into the system on a mole fraction basis

Wi,1  it is simple to convert it to a composition on a weight fraction

basis w   .  Having done this, we can get the mass flow of the wastei ,1

product stream w from
WPS

WWPS = w61[nH2SWH2S,1 + BCOSNCOS,1 + nCO2wCO2,1 + RNH3NNH3,11

(3.14-1)

where, as above, the removal efficiencies ni are defined to be the ratio

of the mass of species f removed per unit mass present.  The weight

fractions w of the gas leaving the system may now be adjusted by
i,2

defining n as

10

o·=  I (1-ni)wi,1 (3.14-2),
i=1

where the ni are zero for those species which are not H25, COS, (02, or

NH3·  Table 3.2-3 defi·nes the species associated with each subscript i.

Now we get the composition of the gas wi,2 on a weight fraction basis

leaving the cleanup system as

wi,2 = wi,1/9                                 '               (3.14-3a)
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for all species but H25, COS, (02, and NHi and as

wi,2 = (1-ni)wi,1/R (3.14-3b)

for. these species.  The molecular weight of the gas vG2 out·of the system

is given by

10
wi_ 2

(3.14-4)"62 =I v
i=1   i

where the vi are the molecular weights of the individual species.  The

outlet gas composition #i,2 on a mole fraction basis becomes

-    wi,2

IIi,2 - VG2 vi
(3.14-5)

for each of the ten species in Table 3.2-3.  The mole flow of gas mG2

out of the system becomes

m62 = (wG1 - wWPS)/VG2 (3.14-6)

At this point, we restrict our model to those sulfur removal processes

which use water as the solvent.  The gas leaving the cleanup s,ystem is

then assumed to be saturated with water vapor.  We further assume that

TG2 is equal to TG1.  So the mole fraction of water vapor in the clean

gas wREQ is given by

Psat
(3.14-7)WREQ PG2
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where Psat is the saturation pressure corresponding to temperature TG2.

The number of moles of H20, m required to saturate the gas can be
H20'

shown to be given by

mG2(WREQ - WH20,2)
(3.14-8).

mH20
=

1 - BREQ

and so the mass of water w which is required is
H20

wH20 = mH20vH20
(3.14-9)

The actual mass flow of clean saturated gas w out of the system is
G at

WG2   = wGl - wWPS + WH20
(3.14-10)

sat

The mole fractions of the- saturated. gas: wi· 2 must be·adjusted by
dat

mG201,2
(3.14-11) i 2 +m

dat   m62    H20

Finally, the mole flow of clean saturated gas mG2   is given by
sat

WG2
sat

m62                                                           (3.14-
12)

sat    VG2

It is then a simple matter to get the corresponding composition of the

clean saturated gas on a mass fraction basis.
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3.15  Throttle Valve                                          .,      :

The throttle valve is a very simple component which is used to

reduce the pressure of the incoming fluid: A schematic representation '

is shown in Figure 3.15-1. By neglecting changes· in kinetic and poten-

tial energy and heat losses, we see that the first law of thermodynamics

for this steady-flow process reduces to

hl = h2 (3.15-1)

where the specific enthalpies are denoted by h and the subscripts, 1 and

2, correspond to the incoAing fluid at pressure Pl and pressure P2,

respectively.

Rather than combining the two possible fluids that we need to

consider into one model, we shall develop one model for gas and one

for steam.  As one might expect, however, the calculations involved

are very simple.

3.15.1  Throttle Valve for Mixture of Gases

In this model, we assume that the pressure Pl and temperature Tl

of the incoming fluid are known, as well as the downstream pressure P2

and the gas composition.  From this information, the molar enthalpy hi

for the incoming gas is easily obtained ·from the gas tables. Equation

(3.15-1) may be written in terms of molar enthalpies h as

hi =h 2 (3415-2)

So the final state is completely specified by P2, h2, and the gas compo-

sition.  The temperature T2 of the gas at the end of the throttling
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process may then be obtained from the gas tables.  It is this temperature

T2 that we need to know, since it inevitably will provide an input to

another component model. in our cycle.

3.15.2  Throttle Valve for Steam

We now assume that the. pressure Pl and the temperature Tl  (i f super-

heated or subcooled) or steam quality x 1 (if saturated) for the incoming

fluid are known, as well as the downstream fluid pressure P2·  If the

state of the incoming fluid is superheated or subcooled, we use Pl and

Tl to determine hl·  However, if the incoming fluid is saturated, we use

Pi and x1 to determine hl•   In any event, by Equation (3.15-1), we take h2

to be equal to hi•  Then with P2 and h2 fixed, we can with the help of

the steam tables determine Tz·  Again, it is important to know the value

of T2, since this temperature is inevitably an input (along with P2). to

another component model in the cycle.

3.16  Water Pump

The primary purpose of a water pump is to raise the pressure of the

subcooled water by doing work on the fluid.  If we assume the changes

in kinetic and potential energy during the process and the heat loss

from the fluid are negligible, then the first law for this steady-flow
1

process reduces .to

W    = h2 - hl (3.16-1)act
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where hl and h2 are the specific enthalpy of the fluid into and out of the

pump, respectively, and W is the work required per unit mass of water.
act

A schematic representation is shown ih Figure 3.16-1

Again we denote the end of the isentropic process shown in Figure

3.16-2 by the prime-(') and using a definition of efficiency np similar
to that of the air or gas compressor, we write

h'-h
_  2.     1                                                     (3.16-2)np-h -h 

-    We find it convenient now to assume the following parameters are

-         known: the pressure Pl and temperature Tl of the subcooled inlet to the'

pump, the outlet pressure P2, and the pump efficiency np:

Since we have a single species fluid, we may write

dh = v dP + T ds (3.16-3)

from elementary thermodynamics, where v is the specific volume and T is

the tem0erature of the fluid and dh, dP, and ds are infinitesimal changes

in specific enthalpy, pressure, and specific entropy, respectively.  But

for an isentropic process,

ds E O

and so

dh- = v dP                                                      (3.16-4)

which may be integrated between the two states to give
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P2                                                          3

h2' -hi =    v df.
(3.16-5) 2

P1

So Equation (3.16-1) becomes with the help of Equation (3.16-2) and the   '
ey

last equation

1 fP2.
W = „I v d p ,(3.16-6)act 'p 'Pi

Furthermore, since subcooled water is practically incompressible, we may

approximate Equation (3.16-6) by taking the specific volume v in the

integrand to be vl, a constant, and get

W            =   11  P2    -    P l   , (3.16-7)act   np

We then get h2 from Equation (3.16-1) or             ·

hz = hi + Wact' (3.16-8)

The' solution procedure is obvious by now.  We get vl and hl from

the steam tables using Pl and Ti to define the'.state.  We compute W
act                                   "

according to Equation (3.16-7) and then h2 from Equatidn (3.16-8).  Then

T2 may be determined from the steam tables since Pi and h2 define this

state. The appropriate ton version factors, of course,   must   be   used   to·

make the units consistent.
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CHAPTER 4

THE COMPUTER.PROGRAM AND SUPPORTIVE CALCULATIONS

4.1  Introduction

In this chapter, we shall indicate how the four cycle configurations

which we discussed in Chapter 2 are actually assembled in a FORTRAN com-

puter program.  The program structure Kas been designed to be modular.

The main program CGACC, which stands for Coal Gasifi cation and fombined
gycles, calls only the four configuration subprograms CNFGT, CNFG2, CNFG3,

and CNFG4, depending on the configuration that the analyst wishes to study.

In these subprograms, all the component subroutines, whose mathematical

models were developed in Chapter 3, are connected together in a way which

models the configuration of interest.  Also special duty subroutines,

which contain the default values (Subroutine DINTi), initialize the cycle

point pressures (Subroutine  PRIi) and print the results (Subroutine PRIMi)

and which are unique to CNFGi, are used.  As we saw in Chaoter 3, the

steam table and gas table properties were used extensively·in all the

component models.  The need for casting these properties into subroutines

or functions for use on the computer is obvious.  Finally, for complete-

ness we shall also list all auxiliary subroutines and functions which

facilitated the programing effort.

The input and output to CGACC are described in Appendices B and C

respectively.  However, several comments should be made at this point.

The basic data packet (only batch input is available) consists of three

items.  The first is a title card, which if blank terminates execution

of the program.  It is convenient to describe the case under consider-

ation on this card.  The second item is the namelist $MASTER, which is
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always read no matter what configuration is being analyzed.  It is through

$MASTER that the user tells the computer which configuration he wishes. to

study via the variable CONFIG.  Based on this value (CONFIG=i, where i may

be 1, 2, 3, or 4), the third item in the data packet, namelist $CONFi, is ,

read. The namelist is unique to Configuration i. Each variable in all of ,

these namelists  has a built-in default :val ue whi ch.the computer, uses  if

the user does not redefine its value.  Appendix B defines all the input

parameters as well as the default values and units for each of the five

namelists.

It should be noted that "canned" programs are available to do much

of the same type of calculations that we require here.  In one such program,

it is claim€d that any cycle can be modeled by appropriate input of FORMAT

data cards.  While this is an excellent approach on the part of the pro-

grammer, it is a "black box" approach on the part of a user who has not

written the program.  The user cannot easily modify the program and must

accept results on blind faith.  Also, the advantages of the quick, easy

input are lost since bulky input decks using FORMAT must be prepared.

Aside  from  the cost consideration, the disadvantages of using these

programs are signi ficant enough to warrant development ·of a personal ized

computer program.

The program hierarchy is sumparized in Figure 4.1-1.  The main

program  wil·1 be discussed further in Section  4.2,. the confi guration  sub-

routines in Section 4.3, the component subroutines in Section 4.4, the

property subprograms in Section 4.5, and finally the auxiliary sub-

programs in Section 4.6.

4-2



4.2  Main Program

The primary 'purpose  of the main 'program GGACC is to allow access  to

the appropriate configdration ·whith we wish to analyze.   A flow chart of

the main program is, shown in' Figure 4.2-1.   From this flow chart, 'we see
that the first task to be done by CGACC is to read a ti·tle card, which

we may use to document the case since this is printed near the top of

every output page (see Appendix C).  If this card is blank, execution

is terminated.  Otherwise, the computer will then read the namelist

$MASTER, which among other parameters contains the variable CONFIG.

The user is able to analyze configuration i by specifying CONFEG=i in

this namel-ist. Another variable in $MASTER, called LISTIN, enables

the user to list the current values of all the variables in $MASTER by

setting LISTIN  to an integer different  than  zero. In other words,  if

LISTIN equals  zero,  then the current  vdl ues of variables in $MASTER

are not printed in the output.  Finally, based on the value of the

variable CONFIG, the appropriate configuration subroutine is called.

When the calculations in CNFGi are finished, control is transferred

back to the main program and a new title card, indicating a new cale,

is read.  If the title card is blank, execution is terminated; other-

wise, the above is repeated.

Appendix 8.2 should be.consulted for h complete list of variables

in namelist $MASTER and their associated definitions and default values.

4.3  Configuration Subroutines

As we have mentioned before, the configuration subroutines are

actually the subprograms in which we assemble the component models to
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model the cycle configuration of interest.  Let us remain general in our

discussion by discussing configuration subroutine CNFGi. A simplified

flow chart is shown in Figure 4.3-1.  It is simplified in the sense that

all the CALL statements for the component subroutines are lumped together

in the area within the dashed box in the figure.

Subroutine CNFGi first initializes all the input parameters in

namelist $CONFi if the variable DINT read in namelist $MASTER is not

equal to zero,or if this case is the first one of Configuration i to

be analyzed in the data deck.  This data initialization is accomplished

by calling subroutine DINTi. The default values of the input parameters

are given in Appendix 8.3 along with their meanings and units.  Next,

the second and final namelist $CONFi for this case is read:which enables

the user to change the built-in values for the various parameters for

Confi guration  i.    If the variable LISTIN is different  than zero (defined

in namelist $MASTER), then each variable in $CONFi is printed in the

output with its current value for the case under consideration.  Then,

all cycle point pressures are calculated in subroutine PRIi using the

pressure drop data which are input (or the default values used).  All

the component subroutines are then called with the output from one

providing the input to the next.  By referring to the listing of the

configuration subroutines in Appendix A, we may see that very little

additional programming is done.  Finally, all the various efficiencies

are calculated in subroutine EFFICY, the gaseous air pollution effluents

in subroutine POLUTE, and the results printed by subroutine PRINi.

Refer to Appendix C for a brief description of the output.  The various
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efficiencies which are calculated in EFFICY are define8 in Section 4.6,

which also describes how the pollution information is generated, since

these are considered to be auxiliary calculations.

By way of summary, we list in Table 4.3-1 the cycle configuration

description associated with each of the four configuration subroutines.

In Chapter 5, we shall see how the configurations presented in Chapter 2

may be improved by the addition of certain components.  At that time,

we shall expound on the details of each configuration after it has been

modified to improve cycle performance and to meet the air pollution

criteria set by the federal government.  The basic computer program

structure, however, remains unchanged from the description given in

the present chapter.

Table 4.3-1
Summary of Configuration Subroutines

Configuration Subroutines which
Number Subroutine Description of Cycle are Uniquely Called

1 CNFG1 Adiabatic gasifier DINTl
integrated with waste PRIl
heat boiler combined PRIN1
cycle.

2 CNFG2 Adiabatic gasifier DINT2
integrated with super- PRI2
charged boiler combined PRIN2
cycle.

3 CNFG3 Endothermic gasifier DINT3
integrated with waste PRI3
heat boiler combined PRIN3
cycle.

4 CNFG4 Endothermic gasifier DINT4
integrated with super- PRI4
charged boiler combined PRIN4
cycle.
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4.4  Component Subroutines

Each  of the component model s described in Chapter  3  has  been  cast

into the form of easy-to-use subroutines.  We can distinguish at a

glance which variables are input, which are output, and which may be

input or output.  This is done by interpreting the parameter list after

the subroutine name as described below.

Td be specific, let us consider the subroutine FWHTR, which.models

the closed feedwater heater according to Section 3.8.  By referring to

the listing of subroutine FWHTR in Appendix A, we see that the sub-

routine declaration statement is

SUBROUTINE FWHTR(PLIN,TLIN,WLIN,PSIN,PLOUT,TTD,PRIN,

X    QRIN,WRIN,
Y    QSIN,TSIN,
Z    HLIN,WSIN,HSIN,WLOUT,HLOUT,TLOUT,TRIN,HRIN,TSOUT,

Z    HSOUT,WSOUT,QSOUT)

s  where the following input/output convention is adopted. The parameters
. 1

-  :      which are always input to the subroutine are those on 'the first line or

those on-a line on which an "X" appears in the card continuation column

(column 6).  The parameters which are sometimes input and/or sometimes

output are those which appear on cards with a "Y" in the card continuation

, column. Finally, the parameters which are always output are located on

cards with a "Z" in the continuation column. This convention greatly

facilitates the use of these subroutines.

The gasifier and combustor component subroutines have been subdivided

to make them more manageable since the
models were quite lengthy.  In

particular, the system of equations for each model are contained in the
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auxiliary subroutine called SYSTEM with the equations practically in the
same form in which we wrote them in Section 3.2' The multi-dimensional

Newton-Raphson iteration procedure described in Section 3.2.2 to obtain

a solution to these non-linear algebraic governing equations is programmed

in auxiliary subroutine NEWTON.  These two subroutines along with all the

other auxiliary subroutines are discussed in Section 4.6.

The component subroutines are summarized in Table 4.4-1.  The component

subroutine listings in Appendix A should be consulted to determine the

input and output parameters.  Also for convenience, comment. cards after the

subroutine statement in the listing indicate what the subroutine calculates.

The correlation between the Fortran variables and those in the model devel-

opments in Chapter 3 should be made rather easily.
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Table 4.4-1

Summary of Component Subroutines                   
              '

For Model Description

Component Model Subroutine Name Refer to Section

Gasifier GSFR 3.2.1.1

Combustor CMBSTR 3.2.1.2

Waste Heat Boiler WHBOIL 3.3

Supercharged Boiler SCBOIL 3.4

Air Compressor AIRCOM 3.5

Gas Compressor GASCOM 3.5

Condenser CNDSR 3.6

Deaerator · DATOR 3.7

Closed Feedwater Heater FWHTR 3.8

Gas Cooler GASCLR 3.9

Gas Turbine GASTUR 3.10

Gas-to-Gas Counterflow HXCGG 3.11

Heat Exchanger

Steam Generator STMGEN 3.12

Steam Turbine STURB 3.13

Gas Cleanup SULREM 3.14

Gas Throttle Valve THRGAS 3.15.1

Steam Throttle Valve THRSTM 3.15.2

Water Pump PUMPW 3.16
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4:5  Property Subprogrami

'   The property hubprdgrams take the form of Fortran functions.  Further-

more, we may divide the property routines into two broad classes: thdse
j

associated with the gas tables and those with the steam tables.  Most of

the gas table property subprograms were developed by Osterle and Impink17

for use in their work for the Pennsylvania Science and Engineering Founda-

tion (see Section 2.4). They elected to curve fit the· properties using

a least squares method.  When the need arose in the present work for
'

additional properties (like the Gibbs free energy of formation) or the

same properties for new species (like the enthalpy and entropy for COS,

NH3, and so forth), it was decided to use a table form for the property

routines with linear interpolation.  This approach saved a significant

amount of time in programming the new properties.  Arbitrary accuracy

may be achieved by including more data in the tables.

In this section, we shall include only those routines which are the

basic property subprograms.  For example, it was convenient to write some

auxili ary subroutines like TGASS which calculates the temperature of the

gas using the gas composition, pressure, and molar entropy to define the

state.  Somewhat arbitrarily, we shall refer to this type of subroutine

as an auxiliary subprogram, t6 be discussed in Section 4.6.

4.5.1  Gas Table Property Subprograms

By referring to Tables 3.2-2, 3.2-3, 3.2-5, and 3.2-6, we see that

we need to consider the thermodynamic properties of twenty gaseous species

and, although not a qas, the enthalpy of solid carbon.  We need the

standard Gibbs free energy change of formation, the molar enthalpy, and
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the molar entropy for each of these gaseous species.  Some of the properties

like the Gibbs free energy of formations may, in fact, be zero,  In addition,

we shall need the equilibrium constant Kp for the reaction 1/2 N2 + 1/2 02

I NO for reasons which will become apparent. in Section 4.6.

All of the enthalpies are assumed:to be functions of the gas temperature

only,  consistent with the ideal gas,assumption, except for carbon dioxide

((02)' methane (CH4), and'water vapor (H20) for which the pressure effect

is included.  The entropy, of course, is a function of both the temperature

and pressure, even for an ideal gas.  The enthalpy of a species in reaction

may be considered to be composed of three terms:,the enthalpy of formation

at some reference temperature minus the sensible enthalpy at the same

reference temperature plus the sensible enthalpy at the temperature of

interest. The reference temperature is taken ·to be absolute zero.  Each

of the above terms may be taken directly from the JANAF21 tables, which

uses the usual convention for enthalpy of formation; namely, the enthalpy

of formation for ah elemental gaseous compound (H2, 02, and so forth) is

zero.  The entropy and standard Gibbs free energies of formation are also

taken directly from the JANAF tables. The pressure correction on entropy
amounts to subtracting the product of the universal gas constant ·and the

natural logarithm of the partial pressure (psia) of.the species under

consideration, wliich implies an arbitrary reference pressure of 1 psia.

The gas table property subprograms are also listed in Appendix A.

The JANAF21 tables have been used for all the properties except for

the enthalpy of the C02, CH4, and H20 vapor, mentioned above.  For these

species, the steam tables and various thermodynamic charts have been used
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in order to include the pressure effect.  Before listing the purpose, the

calling sequence, and the limitations for each routine, let us establish

the following notation:

Symbol FORTRAN Symbol Meaning (Units)

AG               DG            Standard Gibbs free energy of
f                             formation (Btu/lbmole)

h H Molar enthalpy (Btu/lbmole)

s               S             Molar entropy (Btu/lbmole-°R)

P·              P             Pressure (psia)

Pi   -           Pi            Partial.pressure (psia) of

species i

T               T             Temperature (°F)

K' KPNO Equilibrium constant of NO
P
NO                           formation reaction

4.5.1.1  Hydrogen.(H2)

Function HH2

Purpose: Computes the enthalpy of hydrogen as a function of
temperature; h = f(T)

Form:          H = HH2(T)                  ·

Restrictions:  Ideal gas

Function SH2

Purpose: Computes the entropy of hydrogen as a function of

temperature and pressure; I = f(T,PH2)

Form: S  =   SH2(T,   PH2)

Restrictions:  Ideal gas
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4.5.1.2  Methane (CH4)

Function HCH4

Purpose: Computes the enthalpy of methane as a function of

temperature and pressure; K = f(T,PCH,*)

Form: H = HCH4(T,PCH4)

Restrictions:  Limited to vapor region

Function SCH4

Purpose: Computes· the entropy of methane as a function of
temperature and pressure; T = f(T,PCH4 

Form: S = SCH4(T,PCH4)

Restrictions:  Limited to vapor region

PCH4
>0

Function DGCH4

Purpose: Computes the standard Gibbs free energy change of
formation for methane as a function of temperature;

8Gf = f(T)

Form: DG = DGCH4(T)

Restrictions:  Ideal gas
80 <T< 5300

4.5.1.3  Water Vapor (H20)

Function HH20

'Purpose.: Computes the enthalpy of water vapor as a function
of temperature and pressure ; h = f(T,PH20 

Form: H = HH20(T,PH20)

Restrictions:  Limited to vapor region

./.'..\
4-12



Function SH20

Purpose: Computes the entropy of water vapor as a function
of temperature and .pressure ; 1 = f(T,PH20)

Form: S = SH20(T,PH20)

Restrictions:  Limited.to vapor region

PH20 , 0

Function DGH20

Purpose: . Computes the standard Gibbs free· energy change of
formati on for water vapor  as a function of temper-
ature; AG; = f(T)

Form: DG = DGH20(T)

Restrictions:  Ideal gas
80 <T< 5300

4.5.1.4  Carbon Monoxide (CO)

Function HCO

Purpose: -Computes the enthalpy of carbon monoxide as a
function of temperature; F = f(T)

Form: H = HCO(T)

Restrictions:  Ideal gas
---

Function SCO

Purpose: Computes the entropy of carbon monoxide as a
functi on ·of temperature and pressure ;  s =
f(T,PCO)

Form: S = SCO(T,PCO)

Restrictions:  Ideal gas

Pco > 0
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Function DGCO

Purpose: Computes the.standard.Gibbs free energy change of
formation for canbon monoxide as a function of

temperature; AG; = f(T)

Form: DG = DGCO(T)

Restrictions:  Ideal gas
80 <T< 5300

4.5.1.5  Nitrogen (N2)

Function HN2

Purpose: Computes the enthalpy of nitrogen as a function of
temperature; h = f(T)

Form: H = HN2(T)

Restrictions:  Ideal gas

Function SN2

Purpose: Computes the entropy of nitrogen as a function of
tempe rature and pressure;   s   =   f(T,p„    )

n2
Form: S = SN2(T,PN2)

Restrictions:  Ideal gas

 N2 , 0
1

4.5.1.6  Oxygen (02)

Function H02

*
Purpose: Computes the enthalpy of oxygen as a function of

temperature;  h = f(T)

Form: H = H02(T)

Restrictions:  Ideal gas
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Function 502

. Purpose: Computes the entropy of oxygen as a function of
temperature and pressure; s = f(T,p02)

Form: S = 502(T)

Restrictions:  Ideal gas

 02   0

4.5.1.7  Argon (Ar)

Function HAR

Purpose: Computes the enthalpy of argon as a function of
temperature; h = f(T),

Form: H = HAR(T)

Restrictions:  Ideal gas

Function SAR

Purpose: Computes the entropy of argon as a function of
temperatue and pressure.; s = f(T,PAr)

Form: S = SAR(T,PAR)

Restrictions:  Ideal gas
PAr> 0

4.5.1.8  Carbon Dioxide (C02)

Function HC02

Purpose: Computes the enthalpy of carbon dioxide as a
function of temperature-and pressure;
g = f(T,PCO2 

Fo rm: H = HC02(T,PC02)

Restrictions:  Limited to vapor regi6n
f
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Function SC02

Purpose: Computes the entropy of carbon dioxide as a

function of temperature and pressure;

s = f(T,PCO2 

Form: S = SC02(T,PC02)

Restrictions:  Limited to vapor region

 (02   0

Function DGC02

Purpose: Computes the standard Gibbs free energy change
of formation of carbon dioxide as a function of

temperature; 8Gf  = f(T)

 
Form: DG = DGC02(T)

Restrictions:  Ideal gas
80 <T< 5300

4.5.1.9  Hydrogen Sulfide (H2S)

Function HH25

Purpose: Computes the enthalpy of hydrogen sulfide as a
function of temperature; R = f(T)

Form: H = HH2S(T)

Restrictions:  Ideal gas

Function SH2S

Purpose: Computes the entropy of hydrogen sulfide as a

function of temperature and pressure;
s=f(To    )

- H25

Form: S = SH2S(T,PH2S)    ·

Restrictions:  Ideal gas

 H2S > O
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Function DGH2S

Purpose: Computes the standard Gibbs free energy changes of
formation for hydrogen sulfide as a function of
temperature; AGf = f(T)

Form: DG = DGH25(T)                                         2

Restrictions:  Ideal Gas
80 <T< 5300

4.5.1.10  Carbonyl Sulfide (COS)

Function HCOS

Purpose: Computes the. enthalpy of carbonyl sulfide as a
function of temperature; R = f(T)

Form: H = HCOS(T)

Restrictions:  Ideal gas
80 <T< 5300

Function SCOS

Purpose: Computes the entropy of carbonyl  sulfide. as. a

function of temperature and pressure;
s = f(T,PCOS)

Form: S = SCOS(T,PCOS)

Restrictions:  Ideal gas

80 <T< 5300; PCOS >0

Filnction DGCOS

Purpose: Computes the' standard Gibbs free energy change
of formation for carbonyl sulfide as a function
of temperature; AGf = f(T)

Form: DG = DGCOS(T)

Restrictions:  Ideal gas
80 <T< 5300

4-17



4.5.1.11  Nitric Oxide (NO)

Function HNO

  Purpose: Computes the enthalpy of nitric oxide as a function
of temperature; h = f (T.)

Form: H = HNO(T)

Restrictions: Ideal  gas                                      ·

Function SNO

Purpose: Computes the entropy of nitric oxide as a function

of temperature ·and pressure; r = f(T,PNO)

Form: S = SNO(T,PNO)

Restrictions:  Ideal gas
P >0NO

Function DGNO

Purpose: Computes the standard Gibbs free energy change
of formation for-nitric oxide as a function of

temperature; 6Gf = f(T)

Form: DG = DGNO(T)

Restrictions:  Ideal gas
80 <T< 5300

Function AKPNO

Purpose: Computes the equilibrium constant of the NO

formation reaction 1/2 N2 + 1/2 00 + NO as a
function of temperature; Kp   = fIT)

NO

Form: KPNO = AKPNO(T)

Restrictions:  Ideal gas
-280 <T< 5300
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4.5.1.12  Hydroxyl (OH)

Function HOH

'

Purpose: Computes the enthalpy of hydroxyl as a function of
temperature ; h = 'f(T)

Form: H = HOH(T)

Restrictions:  .Ideal gas
-280 <T< 5300

Function SOH

Purpose: Computes the entropy of hydroxyl as a function of
temperature and pressure; 3- = f(T,POH)

Form: S = SOH(T)

Restrictions:  Ideal gas

-280 <T< 5300; PCH ,0

Function DGOH

Purpose: i
, Computes·the standard Gibbs free energy change of
formation for hydroxyl as a function of temper-

ature; AG; = f(T)

Form: DG = DGOH(T)

Restrictions:  Ideal gas
80 <T< 5300

4.5.1.13  Monatomic Hydrogen (H)
'     i

/ ' , '

Function HH                                   '

Purpose: Computes the enthalpy of.monatomic hydrogen as a

function of temperature; h = f(T)

Form: H = HH(T)

Restrictions:  Ideal gas
-280 <T< 5300
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Function SH

Purpose: Computes the entr.opy of monatomic hydrogen as a
function of temperature and pressure; s = f(T,PH)

Form: S = SH(T,PH)

Restrictions:  Ideal gas

-280 <T< 5300; PH >0

Function DGH

Purpose: Computes the standard Gibbs free energy change of
formation for monatomic hydrogen as a function of
temperature; AGf = f(T)

Form: DG = DGH(T)

Restrictions:  Ideal gas
80 <T< 5300

4.5.1.14  Monatomic Oxygen (0)

Function HO

Purpose: Computes the enthalpy of monatomic oxygen as a
function of temperature;  R.=  f(T)

Form: H = HO(T)

Restrictions:  Ideal gas
-280 <T< 5300

Function SO

Purpose: Computes the entropy of monatomic oxygen as a
'

function of temperature and pressure; 1 = f(T,p )

Form: S = SO(T,PO)

Restrictions:  Ideal gas

-280<T<5300; PO >0          1
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Function DGO

Purpose: Computes the standard Gibbs free energy change of

formation for monatomic oxygen as a function of

temperature; AGf = f(T)

Form: DG = DGO(T)

Restrictions:  Ideal gas
80 <T< 5300

4.5.1.15  Ammonia (NH3)

Function HNH3

Purpose: Computes the gnthalpy of ammonia as a function of

temperature ;  h  =  f(T)

Form: H = HNH3(T)

Restrictions:  Ideal gas
-280 <T< 5300

Function SNH3

Purpose: Computes the entropy of ammonia as a function of

temperature and pressure; s = f (T,PNH3)

Form: S = SNH3(T,PNH3)

Restrictions:  Ideal gas
-280 <T< 5300; >0

PNH3

Function DGNH3

Purpose: C6mputes the standard Gibbs .free energy change of
formation for ammonia as a function of temperature;

AGf = f(T)

Form DG = DGNH3(T)                            ,.7..1.                                                                   -
Restrictions:  Ideal gas

-280 <T< 5300· n >0
, r NH 3
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4.5.1.16  Nitrogen Dioxide (N02)                           '

Function HM02

Purpose: Computes the enthalpy of nitrogen dioxide as a
function of temperature; h = f<T)

Form: H = HN02(T)

Restrictions:  Ideal gas·

Function SN02

Purpose: Computes the entropy of nitrogen dioxide as a

function of temperature and pressure;

s= f (T,PN02 1

Form: S = SN02(T,PN02)

Restrictions:  Ideal gas

P 102   0

Function DGN02

Purpose: Computes the standard Gibbs free energy change of
formati on for nitrogen dioxide  as a function·  of
temperature; AGf = f(T)

Form: DG = DG,902(T)

Restli cti ons: Ideal   gas
-280 <T< 5300

0

4.5.1.17  Sulfur Monoxide (SO)

Function HSO

Purpose: Computes the enthalpy of sulfur monoxide as a

function of temperature; h = f(T)

Form: H = HSO(T)

Restrictions:  Ideal gas
-280 <T< 5300
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Function  SSO

Purpose: . Computes the entropy  of  sul fur monoxide 'as  a
function of temperature and pressure;
-s- = f(T,Pso)

Form: S = SSO(T,PSO)

Restrictions:  Ideal gas

-280   <  T   <   5300 ;,Pso  >  '0

Function DGSO

Purpose: Computes the standard Gibbs. free energy change
of formation for sulfur monoxide as a function
of temperature; AG; = f(T)

Form: DG = DGSO(T)

Restrictions:  Ideal gas

-280 <T< 5300; PSO >0

4.5.1.18  Sulfur Dioxide (S02)

Function HS02

PurRose: Computes the enthalpy of sulfur dioxide as a·
function of temperature; K =.f(T)

Form: H = HS02(T)

Restrictions:  Ideal gas

Function SS02

Purpose: Computes the entropy of sulfur dioxide as a
function of temperature and pressure;

r =  f(T,PS02  
Form: S = SS02(T,PS02)

Restrictions:  Ideal gas

PS02
>0
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Function DGS02

Purpose: Computes the standard Gibbs free energy change of
formation for sulfur dioxide as a function of

temperature; AG; = f(T)

Form DG = DGS02(T)

Restrictions:  Ideal gas
-280 <T< 5300

4.5.1.19  Sulfur Trioxide (S03)

Function HS03

Pu,'pose: Computes the enthalpy of sulfur trioxide as a

function of temperature; h = f(T)

Form: H = HS03(T)

Restrictions:  Ideal gas

Function SS03

Purpose: Computes the entropy of sulfur trioxide as a

function of temperature and pressure;

s = f(T,*503 

Form: S = SS03(T)

Restrictions:  Ideal gas

PSO3
>0

Function DGS03

Purpose: Computes the standard Gibbs free energy change
of formation for sulfur trioxide as a function

of temperature; AG; = f(T)

Form: DG = DGS03(T)

Restrictions:  Ideal gas

-280 <T< 5300; PS03   0
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4.5.1.20  Sulfur (52)

Function HS2.

Purpose: Computes the enthalpy of qaseous sulfur as a
function of temperature; R = f(T)

Form:   '       H= H52(T)

Restrictions:  Ideal gas

4.5.1.21  Carbon (C)

Function HC

Purpose: Computes the enthalpy of pure solid carbon as
a function of temperature; h = f(T)

Form: H = HC(T)

Restrictions:  Solid carbon                  S

4.5.2  Steam Table Subprograms

We saw in Chapter 3 that many of the components utilize subcooled

water, saturated steam-water mixtures, or superheated steam as the working

fluid.  We also saw that we need the capability to obtain just about all

the thermodynamic properties in each of these three fluid regions.  For

this purpose, a proprietary set of-steam tables has been used which is

called by a master steam table subroutine FINDER.  This subroutine

returns all the other thermodynamic properties given the pressure and

one 6ther property as input.  The subroutine has the following calling

sequence

CALL FINDER(P,K,T,H,Q,S,V,IPH)
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where P is pressure,(psia); T, temperature,(°F);,H, specific enthalpy
(Btu/lbm); Q, quality (fraction); S,.specific entropy (Btu/lbmfR); V,

specific volume (ft3/lbm); and IPH, the phase of the fluid according to

the convention established in Table 4.5-1.  As we have already mentioned,

the pressure P is always one input.  The second input depends on the

integer value for K, according to Table 4.5-2.  All other properties are

Table 4.5-1
Correlation between IPH and Fluid Condition

IPH Fluid Condition

1           Subcooled Water
2 Saturation Region
3           Superheated Steam
4           Supercritical Fluid

· Table 4.5-2
Correlation between K and Input Parameters

K           Input Parameters

+1                  P,T
-1                  P,H
-2                 . P.Y
0                 P,S

subsequently returned.  Obviously, when K = +1, the fluid state must be

superheated, subcooled, or supercritical, and when K = -2, the fluid must

be saturated.

Zero specific enthalpy and zero specific entropy are assigned to the

saturated liquid states at the freezing point of water (32.02°F).  Note

that this reference state is different from that used in the gas table
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property routines where we used zero absolute temperature as the base.

The enthalpies with respect to the two bases are related by

h = 18.016 h - 118256.07 (4.5-1)

where h is the specific enthalpy (Btu/lbm) from the steam tables using

subroutine FINDER and h is the molar enthalpy (Btu/lbmole) from the gas

tables using function HH20.  The entropies are similarly related by

s = 18.016(s + 0.5443) (4.5-2)

where s is the specific entropy (Btu/lbmiR) from the steam tables using

subroutine FINDER and T is the molar entropy (Btu/lbmolesR) from the gas

tables using the function SH20.  When using FINDER and HH20 or SH20 in

the same calculation, we must use Equations (4.5-1) and/or (4.5-2) to

ensure consistency in our calculations.

4.6  Auxiliary Subprograms

The auxiliary subprograms perform a wide range of duties.  These

particular subprograms do not fit into the other four main categories of

subprograms which we have discussed thus far.  Again each subprogram is

listed in Appendix A.

4.6.1  Subroutine ATERP

This subroutine performs a modified linear interpolation based on

the equation for a straight line

y=mz+b
(4.6-1)
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where z is the abscissa, m the slope, b the y-intercept, and y the ordinate.

The real dependent variable, however, is x which related to z  by

1
X =T. (4.6-2)

This type of interpolation is appropriate when one tries to+ determine the

equilibrium constant K  for a temperature T between two temperatures in a

table, since a plot of InKp versus 1/T is linear over a wide range of tem-

peratures.  The calling sequence is

CALL ATERP(X,Y,M,XX,YY)

where  X is the array of abscissa values,

Y is the corresponding array of ordinate values,

M is the number of (X,Y) pairs (M<50),

XX is the abscissa of interest, and

YY is the interpolated ordinate corresponding to XX.

If XX is less than X(1) or if XX is greater than X(M), appropriate error

messages are printed out.

4.6.2  Block Data BLDATA

This non-executable subprogram provides a convenient location for

storing data which are transferred to other subprograms via COMMON blocks.

The primary types of data which are stored here are default values for

X        variables in namelist $MASTER, molecular weights of various species in
.. '\1  ... C

C

the coal and in various gaseous mixtures, higher and lower heating values

of combustible species in the coal and power gas, and other constants.
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We shall summarize the numerical values used for some Of these parameters

by way of Table 4.6-1 to Table 4.6-8.  For the default· values of the

variables in namelist $MASTER, Appendix B.2 should be consulted, where

the meaning of each variable is also given.

From Chapter 3, it became apparent that the molecular weights of the

various species in the coal (before and after application of the Dulong

approximation) and in the various gaseous mixtures (air, power gas, and

products of combustion) must be specified.  The variables WTC(I), where

I=1 to 6, are the molecular weights of the C, H, 0, N, S, ahd H20

(liquid) in the coal.  The numerical values used are summarized in

Table 4.6-1.  Note that the need for the molecular weight of the ash

Table 4.6-1
Molecular Weights of Species in Coal

(Before Dulong Approximation)

Molecular Weight
I Species WTC(I)

1 ((3) 12.011
2     H              1.008
3     0             16.000
4     N             14.006
5     5             32.064
6 H20(Z) 18.016

in the coal never arose and, fortunately, no value for this needs to be

specified.  After application of the Dulong approximation, the species

become C, H2, H20 (vapor), N2, 52, and H20 (liquid), for which the

molecular weights -are assigned the values shown in Table 4.6-2. in the

array WTCD(I), for i=1 to 6.  Again, the molecular weight of the ash
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is not needed. The molecular weights  of· the. species  in  the  air  whi ch  we

assumed to be composed'of N2, 02, Ar, and H20(9), are.assigned to the

variable WTA(I), for I=1 to 4, and are shown in Table 4.6-3.  For complete-

ness, we assign the molecular weight of steam to WTS, where WTS = 18.016,

since we also have steam entering the gasifier.

Table 4.6-2

Molecular Weights of Species in Coal
(After Dulong Approximation)

Molecular Weight
I Species WTCD(I)

1               C (4) 12.011
2 H2 2.016
3 H20(9) 18.016
4 N2 28.013

5     52            64.128
6 H20(Z) 18.016

'

-                    Table 4.6-3
Molecular Weights of Species in Adr

Molecular Weight
I Species WTA(I)

1     N2'            28.013
2     02            32.000
3     Ar            39.948

4                H20 (9 ) 18.016

In the gasifier model in Chapter 3, we assumed the presence of ten

gaseous species in the power gas which was formed.  The molecular weight

of each of these species is summarized in Table 4:6-4, where the variable
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name WTGF(I), I=l to 10,' is used. Similarly in the combustor model we ''

assumed'the presence of fifteen species, whose molecular weights which

Table 4.6-4
Molecular Weights of Species in Power Gas

Molecular Weights
I Species WTGF(I)

1      H2              2.016
2      CO

 

28.010
3      CH4            16.042
4      H20(9) r

18.016
5      (02            44.010
6      N2             28.016
7      Ar             39.950
8      H25            34.080
9 COS 60.075
10      NH3            17.031

we denote by WTCM(I), I=1 to 15, are summarized in Table 4.6-5.  Finally

it is convenient to combine the nineteen species in Tables 4.6-4 and 4.6-5

Table 4.6-5
Molecular Weights of Species in Combustor Product Gas

Molecular Weights
I Species WTCM(I)

1 (02 44.010
2 H20(9) 18.016
3      N2             28.016
4      02             32.0005      Ar             39.950
6      NO             30.008
7      CO             28.010
8      H               1.008
9      0              16.000

10      OH             17.00811    . H2 2.016
12      N02            46.008
13      SO            48.066
14      502            64.066
15      503            80.066
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into one array, with the molecular weights assigned to array WTGMIX(I),

I=l to 19, as shown in Table 4.6-6.  The subscript-species correlation

shown in Table 4.6-6 is used in all subprograms in which a gaseous mixture

is present except the gasifier (GSFR) and combustor (CMBSTR) subroutines

and their associated auxiliary subroutines (SYSTEM and NEWTON).

Table 4.6-6

Molecular Weights of Species in the
Generalized Gaseous Mixture

Molecular Weight
I Species WTGMIX(I)

1    H2            2.016
2 CH4 16.042
3 H20(9) 18.016
4 CO 28.010
5 N2 28.016

6    02           32.000
7 Ar 39.950
8 C02 44.010
9 H2S 34.080

10 COS 60.075
11    NO           30.008

12    OR          17.008
13 H 1.008
14 0 16.000
15 NH3 17.031
16 N02 46.008
17    SO           48.066

18    502          64.066
19    503          80.066

The species for.which we take credit for contributing to the.heating

value of the power gas are.H2, CO, and CH* and in the coal ((6), H2, and

52.  We use the values shown in Tables 4.6-7 and 4.6-8 to compute effec-

tive heating values for the power gas and coal, respectively.  Note the
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Table 4.6-7

Heating Values of Combustible Species in Power Gas

Higher Heating Values Lower Heating Value
HHVG(.1) LHVG(i)

I Species (Btu/lbmole), (Btu/lbmole)

1     H2 122,971 104,040
2     CO 121,750 121,750
3     CH4 383,027 345,170

Table 4.6-8

Heating Values of Combustible Species in Coal

Higher Heating Value Lower Heating Value
HHVC(I) LHVC(I)

I Species (Btu/lbm) (Btu/lbm)

1               C (3) 14,095 14,095                  '
2     H2 60,997 51,605
3     52 4,848.4 4,848.4

difference in uhits.  The resulting effective heating values for the power

gas and coal are used only in the efficiency calculations which are

described in Section 4.6.6 and in the pollution calculation described in

Section 4.6.16.  The actual calculation of the heating values for the

power gas takes place in subroutine GSFR and for the coal in subroutine

DULONG, whicb is described in Section 4.6.3.

We complete the description of the data stored in BLOCK DATA by

assigning the universal gas constant the value 1.987 Btu/15mole2R, the

difference between the Rankine and Fahrenheit temperatures the value

460 (°R), and atmospheric pressure the value 14.696 psia.  The data

sorted in BLOCK DATA is used throughout the computer program.
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4.6.3  Subroutine DULONG

The purpose of subroutine DULONG is two-fold: to obtain the coal

composition for the purpose of enthalpy determination using the Dulong

approximation described in Section 3.2 and to then compute the higher and

lower heating values of the coal based on this approximation.' Using the

assumptions and nomenclature of Section 3.2.1, the relevant equations

for the weight fractions of ((4), Hi, H20(9), N2, S2, H20(Z), and. ash in

the coal are the following.

Wdl = Wcl (4.6-1).

vd2

wd2 = Wc2 - vc3 wc3 (4.6-2)

* vdZ w (4.6-3)
wd3 = wca   vc3  c3

wd4 = wc4 (4.6-4)

Wds = wcS (4.6-5)

Wd6 = wc6 (4.6-6)

wd7 = wc7 (4.6-7)

Using these adjusted weight fraction compositions, the higher and lower

heating values are easily calculated with the help of the values in

Table 4.6-8.  For completeness, the effective molecular weight v    ofafc

the ash free coal is also calculated here using
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1

Vafc =  6     w                                                 (4.6-8)
r      ci '. ...,

ifl vci (1-Wc7)

The calling sequence is
11,

161

IICALL DULONG(WFC,
0 WFCD,LVCOAL,HVCOAL,WTAFC)
11

where WFC(I) corresponds to w . above, WFCD(I) to wdi' and WTAFC to vcl                                       afc

LVCOAL and HVCOAL are the calculated lower and higher heating values

(But/lbm of coal) of the coal, respectively.

4.6.4  Subroutine DUMCMB

, Subroutine DUMCMB is a dummy subroutine which simply takes the

values of the parameters in the argument list of subroutine CMBSTR and

puts  them into a common block (labeled CMBSTl )  for use in subroutine

SYSTEM.  The reason for this rather strange maneuver is to facilitate

the use of the component subroutines by using parameter lists to transfer

data between two subprograms.  However, in SYSTEM it is more convenient

to use labeled common.  It is not permissible in FORTRAN to have the

same variable in both a parameter list and common block in the same

subroutine.

4.6.5  Subroutine DUMGAS

Like subroOtine DUMCMB, subroutine DUMGAS is also a dummy subroutine.

The values in the argument list of subroutine GSFR are put into common
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blocks (labeled GASFYl and GASFY2).  The reason for doing this is similar

to that given for subroutine DUMCMB.

4.6.6  Subroutine EFFICY

It is appropriate here to define the four kinds of efficiencies which

we shall use to assess the .cycle performance in Chapter 5. The first

efficiency which we define is the gasification efficiency.  As the name

suggests, we define this to be the ratio of the heating value of the power

gas to the sum of the heating value of the coal and the heat added to the

gasifier, all in consistent units, of course.  The steam cycle efficiency

is defined as the ratio of the net work output from the steam cycle to

the heat input to the steam cycle.  This is the only efficiency which

does not depend on whether the higher or lower heating values are used.

We define the combined cycle efficiency as the ratio of the net work

output for the entire system to the heating value of the power gas.

Finally, we define the coal-pile-to-bus-bar or station efficiency as

the product of the combined cycle and gasification efficiencies reduced

by a specified percentage because of station requirements for power,

such as lighting, heating, and so forth.  With the exception of steam

cycle efficiency, the use of higher or lower heating values gives dif-

ferent results.  As we shall see in Chapter 5, we shall consistently

and somewhat arbitrarily use the station efficiency based on lower

heating values to assess the performance of each cycle.
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4.6.7  Subroutine HGAS2

This simple subroutine calculates the molar enthalpy of a gas specified

to have a certain pressure (psia), temperature (°F), and composition (mole

fraction).  The species assumed to be present (with corresponding subscripts)

are those shown in Table 4.6-6.  The mole fraction composition MFG(I) for

I=1 to 19, of the gaseous mixture along with the pressure P and temperature

T are used in the call statement

CALL HGAS2(P,T,MFG,HG)

to obtain the molar enthalpy HG(Btu/lbmole) of the gaseous mixture.  As

mentioned before, pressure effects on enthalpy are included only for CH4,

H20' and (02•  All remaining species are assumed to behave like ideal gases,

for which the enthalpy is a function of temperature only.  The molar

enthalpy of each individual species, of course, is provided by the appro-

priate property subprograms described in Section 4.5.

4.6.8  Subroutine SGAS2

Like HGAS2, subroutine SGAS2 calculates another important property

of a gaseous mixture given its pressure (psia), temperature (°F), and

composition (mole fraction).  This property is the molar entropy (Btu/

1 bmole<R) which we represent by SG.  The calling sequence becomes

CALL SGAS2(P,T,MFG,SG)

where P, T, and MFG have the same meaning as in subroutine HGAS2.  It

shguld be recalled that the entropy, even for an ideal gas, is a function
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of pressure.  The molar entropy of each individual species is provided by

the appropriate property subprograms described in Section 4.5.

4.6.9  Subroutine INVDET

Subroutine INVDET22 provides the matrix inversion required by the

. multi-dimensional Newton-Raphson iteration to obtain a solution to the

gasifier and combustor models.  Numerical round-off error is reduced by

maximizing the pivitol elements in the algorithm.

4.6.10  Subroutine MAIR

Subroutine MAIR takes the air composition on a four-component weight

fracti on basi's and converts   it  to a composition  on a four-component  mole

fraction basis, and compositions on nineteen-component mole and weight

fraction bases.  In addition, the molecular weight of the air is calculated.

This enables the air to be treated as a special gas for which we may use

the other auxiliary subprograms like HGAS2 which facilitate the calcula-

tions.  Table 3.2-2 and Table 4.6-6 must be used to establish the

correlation between species and subscript designations for the four- and

nineteen-component compositions respectively.

4.6.11 Subroutine MGAS1

Subroutine MGAS1 takes the gasifier power gas composition on tne

ten-component mole fraction basis as defined by Table 3.2-3 and converts

it to mole and weight fraction compositions on the nineteen-component

basis defined in Table 4.6-6.  In addition, the molecular weight of the

power gas is calculated.
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4.6.12 Subroutine MGAS2

Subroutine MGAS2 takes the fifteen-component combustor product gas

composition as defined by Table 3.2-6 and converts it to the nineteen-

component composition as defined by Table 4.6-6 by mole and weight
fractions.  The molecular weight of the product gas.is also calculated.

4.6.13  Subroutine MGAS3

Subroutine MGAS3 simply converts the gas composition by mole fraction
on the nineteen-component basis as defined by Table 4.6-6 to one by weight

fraction .on the same basis. The molecular weight of the gas is also
calculated.

4.6.14  Subroutine NEWTON

Subroutine NEWTON performs the multi-dimensional Newton-Raphson
iterations on the two systems of equations which describe the gasifier
and combustor.  The initial guess for the solution vector was chosen to

minimize the number of iterations required to obtain a solution and is,

in fact, the solution to a representative case.  The mathematics of

this iteration scheme are described in· Section 3.2.2' and is not repeated

here.  The implementation of this scheme on the computer is rather

tedious but straightforward.  Mole fractions are generally calculated

to fifth-place accuracy.

4.6.15  Subroutine SYSTEM

Subroutine SYSTEM contains the equations which we developed in

Sections 3.2.1.1 and 3.2.1.2 for the gasifier and combustor models,
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respectively.  Each of the governing equations in these sections was

written so that zero appeared on one side and all the other terms on the

other.  Except for this trivial modification, the equations which are stored

in  SYSTEM are practically identical  in  form to  the ones written in Secti ons

3.2.1.1 and 3.2.1.2.

4.6.16  Subroutine POLUTE

In subroutine POLUTE, we compute the amount of nitric oxides NOx and

sulfur oxides SOx that go up the power plant stack and into the atmosphere.

The subroutine requires as input the composition of the stack gas (by

mole fraction wi and weight fraction wi ), the mass flow w  of the stack3g

gas (per ibm of coal), the higher heating value of the coal
H and the
HVC

"freeze temperature" TF for the NO producing reaction.  We shall calculate

the amount of pollutants in units of pounds of NOx (or SOx) per million

Btu of heat input.  The higher heating value of the fuel is used for the

heat input based on federal regulations.

The NO producing reaction 1/2 N2 + 1/2 02 * NO appears to slow down

significantly in the reverse direction when the temperature is below

about 2400°F. 23  Consequently, we shall calculate two values for the

amount of NOx Pollution: NOEquil assuming equilibrium at the combustor

outlet temperature and NO assuming the NO producing reactionFreeze

"freezes" at TF. Rather than doing a full-blown equilibrium calculation

for temperature TF' we assume that the mole fractions of N2(11.. ) and
172

02(002) will not change significantly for the two temperatures and

calculate the mole fraction of NO(u. ) from710
Freeze
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il

MNO       E Kp/WN2002
Freeze

which is the equilibrium equation for 1/2 N2 + 1/2 02 * NO with equilibrium

constant Kp, to be evaluated at temperature TF.  Function AKPNO, of course,

is   used  to   get   Kp   at   TF. We shall   see in Chapter  5  that the mole fracti on

of NO(pNO) is practically numerically equal to the weight fraction of

NO(wNO)' so it is reasonable to assume that

WNO = BNO
Freeze Freeze

We have two weight fractions for.NO: wN  from the original stack gas

composition and w from the NO producing reaction frozen at TF.NO
Freeze

The expression for NO is given by
Equil

(Wal- + W  iw
NO =·106  nu N02'-64

Equil          HHVC

For NO , we neglect the contribution by N02, since it turns out to
Freeze

be much smaller than that due to NO, and get

 'NO Wdg
NO       = 106 Freeze

Freeze          HHVC

The amount of SOx produced, SDEquil' is similarly calculated by

106 (wso + WS02 + "503 )'49SO     -
Equil             HHVC
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Freezing of the.SO* producing reactions apparently does not occur. physically

and, therefore, is. not.modeled.

4.6.17  Subroutine TERP

This subroutine performs a linear interpolation based on the equation

for a straight line

y=mx+b

where x is the abscissa, m the slope, .b the y-intercept, and y the ordinate.

The calling sequence is

CALL TERP(X,Y,M,XX,YY)-

where  X is the array of abscissa values,

Y is the corresponding array of ordinates,

M is the number of (X,Y) pairs (M<50),

XX is the abscissa of interest, and

YY is the interpolated ordi.nate corresponding to XX.

As in ATERP, appropriate·error messages are printed out if interpolation

is attemped outside the domain of X values.

4.6.18  Subroutine TGASH

Subroutine TGASH performs the inverse function of subroutine HGAS2.

It was frequently necessary in the component models to determine the gas

temperature TG(°F) given its pressure P (psia), molar enthalpy H (Btu/

1bmole), and gas composition MFG(I) on the nineteen component mole

fraction basis.  Subroutine HGAS2 is used in a simple one-dimensional
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Newton-Raphson iteration to accomplish this task.  If convergence to a-

relative error of 10-5 does not occur in 15 iterations, an appropriate

error message is printed.  The calling sequence is

CALL TGASH(P,H,MFG,TG)

where P, H, and MFG are inputs and the gas temperature TG is the output.

4.6.19  Subroutine TGASS

Subroutine TGASS is completely analogous to subroutine TGASH.  Now

the gas temperature TG(°F) is to be found given the gas pressure P (psia),

molar entropy S (Btu/lbm°R), and gas composition MFG(I) on the nineteen-

component mole fraction basis.  Again a simple Newton-Raphson iteration

is used and an appropriate error message is printed if convergence does

not occur in 15 iterations.  The calling sequence is

CALL TGASS(P,S,MFG,TG)

where P, S, and MFG are the inputs and the gas temperature TG is the

output.
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CHAPTER 5

RESULTS·      ,

5.1  Introduction

In this chapter the computer program described in Chapter 4 is used to

obtain the results which are needed to improve each basic configuration as

well as to perform some parametric studies.  It. should be emphasized that

the primary objective is to improve the performance of each integrated

combined cycle within certain constraints.  For example, the designs must

meet federal gaseous emission criteria on SOx and NOx.  Water and heat

rejection requirements will be inherently determined from these analyses.
In Section 5.2, reasonable values are assigned ·to all specifiable

cycle point parameters for the systems shown in Figures 2.3-1 to 2.3-4
followed by the calculation of the resulting itatio.n efficiency for each

of these four base cases.  The computer program,·of course, provides this
result as well as all other results to foll.ow.  Then in Section 5.3, the
effect on station efficiency 6f adding regenerative feedwater heaters,

gas-to-gas regenerators, and intercooled compressors to each configuration
will be examined.     As each effect is determi ned, a judgement  will   be  made„

as to whether that particular addition remains in each cycle or not.  Each

configuration will subsequently be optimized in Section 5.4 by varying

certain key cycle point parameters without consideration of the pollution

criteria.  Then in Section 5.5 each configuration will be revi ewed to

determine if the designs meet the criteria .on gase-ous effluents.  Any of
the configurations which will require modifications will be re-optimized.

Following this, each optimized configuration will be summarized in Section
....

5.6 by way of presenting new cycle schematics and discussing the resulting
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Water and heat rejection requirements.  Then in Section 5.7, a limited number

of parametric studies will be presented.  Finally in Section 5.8, some of the

assumptions that have been made during the course of these analyses will be

discussed.

It is important to note that the computer program was not written to

provide an automatic optimization.  The purpose of the program is to perform

all the tedious calculations which are necessary to obtain the kind of results

to be presented in this chapter.  We shall soon see that a careful examina-

tion of the results printed in the computer output will enable us to make

certain observations that may otherwise be overlooked.  This approach is also

helpful in trying to explain some of the sometimes surprihing results to be

presented shortly.  .For obvious reasons it is not possible to include the

computer printout for every case which is analyzed; rather, only results

which are germane. to the discussion at hand or possibly a subsequent discus-

sion will be presented, usually in tabular form.

5.2  Specification of Parameters and Calculation of Base Case Station
Efficiencies

In Section 2.3 cycle component layouts for each of the four configurations

were developed, with the resulting cycle schematics shown in Figures 2.3-1

to 2.3-4.  In this section it is now necessary to assign values to each of

the specifiable parameters for these cycles.  While this may seem somewhat

arbitrary, it is justified since many of these assigned values will be

varied later during either the optimization or the parametric studies.  The

goal. for. now is simply to obtain four bases cases,  one  for each configruation,

from which this, study may,bedin.  Let us first restrict our attention to
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Configuration 1, the case of an adiabatic gasifier integrated with a waste

heat combined cycle.  For the other configurations, it will be necessary only

to indicate the pertinent changes from the input to Configuration 1.

First, let us fix the coal and air compositions and the specific heat

of the ash.  Table 5.2-1 gives the ultimate analysis of the coal, which is

Table 5.2-1
Ultimate Analysis of Coal         '

(Weight Fraction)

Carbon 0.7304

Hydrogen 0.0528
Oxygen 0.0616
Nitrogen 0.0088
Sulfur 0.0264
Moisture 0.0300
Ash 0.0900

assumed to be Pennsylvania high volatile bituminous17, the composition of

which has been adjusted for 3 percent moisture and 9 percent ash.  Note

that the weight fraction of uqu,Ed water is included in the ultimate

analysis and recall that the Dulong approximation assumed thdt all the

oxygen combines with the necessary hydrogen to form water vapok; this

distinction is necessary when the entahlpy of the coal is later determined

in the gasifier model.  It should be noted that the ash will. leave the

gasifier at an elevated temperature representing a sensible heat loss

and that most of the sulfur will be converted to hydrogen sulfide of

which most is removed representing a chemical energy loss.  The air com-

position is given in Table 5.2-2.  Note that dry air is assumed· for these
24and all remaining calculations. Raznjevic gives the specific heat of

ash as 0.19 Btu/lbm-°F, and in the interest of being slightly conservative
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let us use 0.20 Btu/lbm-°F.  The effect of coal composition on the cycle

performance of only Configuration 1 will be examined. in Section 5.7 by
using three other types of coal.

Table 5.2-2
Composition of Air
(Weight Fraction)

N2 0.7546
02          0.2319
Ar          0.0135
H20(9) 0.0000

Next, it is convenient to specify all the pressure-related data

including any assumed pressure drops.  The gasifier is assumed to be

operated at 11 atm, the combustor at 10 atm, the steam-side of the boiler

.at 1600 psia, and the.condenser at 1.75 psia (or approximately 3.5 inches

of mercury). Ambient pressure is takdn to be 14.7 psia.  The following

pressure drops are assumed in the gas cycle portion: none through the

gasifier and combustor, a 10 psi drop through the .steam-side of the steam

generator with a total of 0.7 psi through the gas-side, a 0.1 psi drop

through the gas cooler, and a 0.1 psi drop through the gas cleanup system.

Note that there is an implied pressure drop of more than 10 psi through
the gas throttle .valve, representing additional conservatism in the

analysis.  In the steam-cycle portion the following .pressure drops ·are

assumed: 0.0362, 0.2569, and 0.3974 psi through the gas-side of the,super-

heater, evaporator, and economizer sections,of·the boiler, respectively

(see Appendix B), and 10,-0, and 0.1 psi through the same sections on the

steam-side; a .400 psi drop through the steam throttle valve; and none in
the condenser.

Now the temperature-related input is specified.  Ambient conditions

are assumed for each air, coal, and water inlet to the system, with
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ambient temperature taken to be 77°F.  The gasifier is assOmed to operate

at 2000°F with the same ash discharge temperature.  Superhehted steam is

assumed to enter the gasifier at 620°F.  The gas is assumed to be cooled

to 200°F by the gas cooler.  The combustor is assumed to operate at 2000°F,

the practical limit for a conventional land-based gas turbine.  Superheated

steam at a temperature of 960°F is generated in the boiler with 7°F of

subcooling assumed at the evaporator inlet.  The cooling water to the

condenser is at 70°F and is assumed to undergo a 5°F temperature rise.

Finally, the pinch point temperature differences within the steam generator

and boiler is specified to be greater than or equal to 40°F.

The various efficiencies may now be assigned representative values.

The fdllowing component efficiencies are .assumed: 0.90 for the air com-

pressors, 0.75 for the pump serving the steam generator, 0.85 for the gas

turbine, 0.90 for the steam turbine, and 0.85 for the feedwater pump.

According to Section 3.14, the capability exists to remove H25, COS, (02,

and NH3 from the power gas.  It is conservatively assumed that only 90

percent by weight of the H2S is removed; all thelremaining gas is eventually

burned in the combustor, since this would result in economical operation

of the gas cleanup system.  This completes the input specifications for

Confi guration  1.

In the other three configurations, th6 cycle point input is chosen

deliberately to, be identical to that of Configuration 1 wher€ possible.

This will enable us to make a more straightforward comparison of the

results for the four base cases. In Configurations 2 and 4, the ·combustor

exit temperature is no longer assOmed to be 2000°F; instead combustion
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with 10 percent excess air is required, since these configurations use a

supercharged boiler.  It is also assumed for these two configurations that

the water which enters the evaporator secti on  of the boiler  is at least

7°F subcooled.  Refer to Section 3.4 for a description of the subtle

distinction between the models for the two different types of boilers.
In Configurations 3 and 4, there is no air compressor serving the gasifier,

and so the corresponding input conditions are no longer relevant.  All

other input for these configurations remains the same.  One other point

should be made. In Configuration 3, the heat source for the endothermic

gasifier  is the· combustor,  and  both of these componehts operate at 2000°F

which implies heat transfer through a zer6 -temperature difference and an

infinite heat transfer area.  For now, let us accept this and reexamine

this issue after the optimization is completed.

Recall that in Section 4.6, for the description of subroutine EFFICY,

four different efficiencies were defined: the station, the combined cycle,

the steam cycle, and the gasification efficiencies.  In all of these, low

heating values will be used consistently.  Furthermore, let us agree to

use the station efficiency to assess cycle performance.  Included in this

will be an assumed 10 percent station load, which includes station auxil-

iaries, lighting, generation losses, and so forth.  Table 5.2-3 summarizes

the resulting efficiencies for each configuration.

Table 5.2-3
Summary of Efficiencies for Base Cases

Efficiency (%) of Configuration
1.2 3 4

Station 34.57 29.87 38.63 32.72
Combined Cycle 44.36 38.34 45.48 38.52
Steam Cycle 35.02 35.02 35.02 35.02
Gasification 86.58 86.58 94.38 94.38
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By examining the station efficiencies, we note that the waste heat

configurations perform better than those using a ·supercharged boiler,

and that the configurations incorporating an endothermic gasifier perform

better than those with an adiabatic gasifier.  To help explain these  · '

trends, let us summarize from the computer output the flow, heat, and

work quantities for each configuration as well as otber pertinent mis-

cellaneous information as shown in Table 5.2-4.  It should be noted at

this point that all flows, heat, and work quantities are always given

with respect to a pound of coal. Furthermore, the lower heating value

of the coal described earlier is 12747 Btu (per pound of coal).  This

provides a convenient reference value to which all work and heat quantities

may be compared.  For example, we see that approximately 20 percent of

the heating value of the coal is thrown away  in  the  gas   cooler  for

Configurations 1 and 2, but only 5 percent for Configurations 3 and 4.

For completeness, the lower heating values of the power gas are also

given in this table.  These values are qualitatively consistent with

those obtained in Section 2.2, where coal gasification is first discussed.

Table 5.2-4
Summary of Miscellaneous Results for Base Cases

Configuration
1 2 3 4

Flows (lbm)
Gas i fi e r

Coal 1.000 1.000 1.000 1.000
Steam 0.022 0.022 0.997 0.997
Air 3.783 3.783 -- --

Dirty Gas 4.715 4.715 1.907 1.907
Ash 0.090 0.090 0.090 0.090

5-7.



Table 5.2-4 (Continued)

Configuration
1              2             3             4

Flows (lbm) (continued)
Gas Cleanup

Di rty Gas 4.715 4.715 1.907 1.907
Water 0.285 0.285 0.179 0.179

Clean Gas                    4.977 4.977 2.061 2.061
Waste 0.023 0.023 0.025 0.025

Combustor
Fuel 4.977 4.977 2.061 2.061
Ai r 19.845 6.732  23.764  10.887

Products 24.822  11.709  25.825  12.948

Boiler
Gas-side 24.822  11.709  25.825  12.948
Steam-side 3.920 5.649 4.258 5.568

Net Work (Btu)
Gas Cycle 3018 1525 3432   1967
Steam Cycle 1878 2706 2039 2667
Total 4896 4231 5471 4634

Low Heating Values
Coal (Btu/lbm) 12747 12747 12747 12747
Gas (Btu/SCF) 135 135 288 288

Heat Transfer (Btu)
To Gasifier from, Combustor      0        0 5041

. 5041
To Steam Cycle 5362 7727 5823 7615
Gas Cycle Loss 4367

, 3495 3492 3165
From Steam Cycle 3484 5021 3784 4948

Excess Air to Combustor (%) 224       10     140      10

Combustor Exit Temp. (°F) 2000 3250 2000 3057

Stack Gas Temp. (°F) 324 263 319 423

Gas Cooler Heat Loss (Btu) 2606 2606 623 623

Minimum Temp. Differences (°F)
Steam Generator 1380 1380 733 733
Boiler                          40      140      40     300
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Let us first restrict our attention to Configurations 1  and 2.   From

the flows given in Table 5.2-4 it may be seen that these two configurations

basically di ffer in the amount of gas flow through the boilers.  The reason

for this, of course, is that the fuel is burned by design with a large amount

of excess air for Configuration 1 compared to the specified 10 percent for

Configuration 2.  The net effect of this and the larger amount of heat trans-

fer to the steam cycle for the supercharged boiler cases is to de-emphasize

the gas. cycle. Recall from Section 2.1 that an alternate expression for
the combined cycle efficiency was given as

. 1 -  Z + Q21    Q:
OCC      .   ·l    Qi   J   F' rl2. (2.1-10)

Actually calling n   the combined cycle efficiency is a misnomer here sinceCC

it is convenient to interpret Qi as the heating value of the coal, not of
the gas, actually resulting in an effective station efficiency without the

usual 10 percent station load included.  Note further that n2 represents

the steam cycle efficiency and Q2 the amount of heat transferred to the

steam cycle from the gas cycle.  The sum of Q£ and Q2 must be less than Ql

in order to have work produced by the first cycle.  Table 5.2-4 clearly

shows that the'sum of Q£ and Qi is higher for Configuration 2 compared to

Configuration 1, while n2 is identical.  Note that Q£ is lower for Config-

uration 2 but Q2 is much higher, resulting in lower performance for

Configuration 2.  The same line of reasoning a#plies to the comparison

between Configurations· 3 and 4.  When Configuration 3 is compared to

Configuration 1, it is seen that the former is superior primarily because

of the much lower gas cycle heat loss which more than makes up for the

higher heat transfer to the steam cycle.  In Configuration 4, both the
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heat loss and heat transfer to the steam cycle are lower than in Config-

uration 2 with both having the same steam cycle efficiency.  Equation

(2.1-10) clearly shows that the efficiency of Configuration 4 should be

greater than that of Configuration 2.  When all the above considerations

are taken into account, Configuration 3 should be expected to have the

beit performance and does.

Let us briefly discuss some of the other efficiencies shown in Table

5.2-3.   Note that the gasi fication efficiencies for the same gasi fier type

are identical, and that those for the endothermic configurations are higher

than those for the adiabatic.  We must be cautious, however, and not read

too much into this.  If the latent heat of vaporization of the steam

required by the gasification process were included in the denominator of

the definition of the gasification efficiency, then all such efficiencies

would have practically the same value.  This is of no real concern since

the station efficiency is independent of the definition of gasification

efficiency.  Note that the combined cycle efficiencies, as they have been

defined, are significantly higher than the station efficiencies, since

the later include gasification system losses and the assumed 10 percent

station load.  Also, as has been already noted, the steam cycle efficiency

is identical for all four configurations, since the steam cycle operating

conditions are identical.  For completeness, let us define gas cycle

efficiency as the ratio of the net work produced by the gas cycle including

the gasification system to the heating value of the gaseous fuel, in

consistent units of course.  For Configurations 1 to 4 respectively,

these are 27.35, 13.83, 28.52, and 16.35 percent.  It is seen that the
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gas cycle in the configurations employing a supercharged boiler is definitely

de-emphasized.  The result, as we have seen, has been poorer performance for

these configurations.  Clearly by increasing the work produced in the gas

cycle compared  to  that  of the steam cycle, better performance  can  be  ,

expected.
'.

Let us verify that the minimum temperature differences within the steam   ·.

generator and boilers are equal to or greater than the specified minimum

of 40°F.  Table 5.2-4 shows that this condition is easily met in the steam

generator for each configuration.  This clearly shows that there is

sufficient sensible heat in the power gas to raise the required amount

of steam needed for the gasification process.  Since endothermic gasifi-

cation requires more steam, the minimum temperature difference is lower

for Configurations 3 and 4 compared to Configurations 1 and 2.  The

minimum temperature difference within the waste heat boilers of Config-

urations 1 and 3 is seen to be exactly 40°F, but must be greater than

this in the supercharged boilers to ensure the presence of subcooled

water in the economizer section.  In Figures 5.2-1 and 5.2-2, the T-Q

diagrams are shown for the boilers of Configurations 1 and 2, respectively.

These temperatures are representative of each type of boiler.  Note that

the heat transfer within each boiler section is also given on each figure.

Note also the locations of the pinch points.  In Chapter 3 it was claimed

that the pinch point for the supercharged boiler must occur between the

economizer and stack. This is indeed the case here. Finally note the

much larger temperature clearance throughout the supercharged boiler com-

pared to the waste heat boiler; this results in greater irreversibilities
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and explains qualitatively why the configurations employing a supercharged

boiler do not perform as well as those incorporating a waste heat, boiler.

5.3  Effect of Additional Components

5.3.1  Regenerative Feedwater Heaters

The purpose of this section is to show how.the station efficiency is

affected by regenerati ve feedwater heating.     As we shall   soon  see,  this

change will increase the steam cycle effi ciency.    It  is .the  station

efficiency, however, that is to be improved.  Improving the gas cycle,

steam cycle, or. gasification efficiencies in and of themselves will .not
necessari ly improve the. overall performance.

In order to keep the steam cycle simple and so as not to obscure

the basic effect of feedwater heating, let. us use only one closed feed-

water heater and one open feedwater heater, the latter of which can

also serve as a deaerator. Following the usual practice of placing.the

deaerator last in the feedwater train, the steam cycle is modified as

shown in Figure 5.3-1.  Note that the "condensate" .on. the shell.-side of
the cl.osed feedwater heater is flashed into the shell-side.of the

condenser through a throttle valve.  The heating of the feedwater is

accomplished  by  extracting a small portion  of  the  turbine  flow..    The

first extraction occurs at a higher pressure, of course,.than the second.

The lowest pres.sure in the steam cycle occurs at the .turbine exit, where

the exhaust flow enters the condenser. -Note that it is necessary to

add a condensate. pump to the feedwater train for two reasons.  .The

first is that two-phase flow through the tub,e-side of the closed feed-

water heater is undesirable and adding heat to the saturated liquid from

5-12



the condenser at the condenser shell-side pressure would tend to form vapor.

The pump serves to subcool the fluid by increasing the'pressure.  The second

reason for the condensate pump is that the deaerator is an open heater at

a pressure above the shell-side condenser pressure.  Obviously a pump is

needed to take the condensate at the condenser pressure and deliver it to

the deaerator at a higher pressure.  Figure 5.3-1 is applicable to the steam

cycle of all four configurations.  Reasonable values for the new specifiable

parameters  will now.be assigned.

The pressure related data are given first followed by the other data.

Let us assume that the first extraction flow occurs at a pressure of 30

psia and the second at 6 psia.  The shell-side condenser pressure remains

the same as before.  Let us assume no additional pressure drops, since a

lumped loss of 400 psi is already used.  The only temperature-related data

that.needs to be specified is the terminal temperature difference in the

closed feedwater heater which is taken  to  be  3°F.    The effi ciency  of ·each

turbine stage is taken to be 0.90 and that of the condensate pump also

0.90.  The feedwater pump·efficiency is unchanged from before.  In Section

5.4, more realistic values for the low-pressure steam turbine efficiencies

will be used.

When the steam cycles of each of the basic cycles of Secti.on 5.2 are

modified according to Figure 5.3-1 using the above data, the somewhat

surprising results shown in Table 5.3-1 are obtained.  The station effi-

ciency for each configuration decreased slightly.  As expected, the

regenerative feedwater heating, however, did increase the .steam cycle

efficiency from 35.02 percent to 37.88 percent.  The deterioration in

in station efficiency may be explained by comparing the heat rejected
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from the steam cycle in the condenser to the heat loss through the stack gas.

Feedwater heating tends to increase the stack gas temperature, since hotter

Table 5.3-1

Results with Feedwater Heating

Configutation
1 2 3 4

Station Efficiency (%)
Without 34.57 29.87 38.63 32.72
Wi th 34.29 29.47 38.32 32.32

Steam Cycle Efficiency (%)
Without 35.02 35.02 35.02 35.02
Wi th 37.88 37.88 37.88 37.88

Increase in Stack Gas Heat
Loss over Base Case (Btu) 510 732 553 724

Decrease in Steam Cycle
Heat Rejected over Base
Case (Btu) 470 676 510 669

Final Feedwater Temp. (°F)
Without 122.8 122.8 122.8 122.8
Wi th 252.9 252.9 252.9 252.9

Stack Gas Temp. (°F)
Without 324.1 262.8 319.1 422.8
With 405.7 502.9 402.0 622.9

Dew Point Temp. (°F)           93 119 116 141

water enters the economiz*r.  Let us refer to the temperature of the

feedwater into the economizer as the final feedwater temperature.  From

Table 5.3-1, it is seen that for all configurations, this temperature

has increased from 122.8°F to 252.9°F.  The stack gas temperature is

seen to be correspondingly higher.  In each case, the increase in heat

loss through the stack is greater than the savings in heat rejected

from the steam cycle. Although the steam cycle efficiency is improved,
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this improvement is not enough to improve the· station efficiency. However,

this  could  not be known a priori because  of  the two competing effects.

Although the above trend indicates that cycle performance deteriorates

slightly when feedwater heating is employed, the heaters will be kept in

the cycle for the reasons which follow.  In Table 5.3-1, the dew point

temperatures are given for each configuration.  Without feedwater heating,

the final feedwater temperature is 122.8°F, and Configuration 4 would

probably begin to condense some of the water vapor locally within the

economizer.  Furthermore, this final feedwater temperature is a direct

result of the 1.75 psia assumed condenser pressure.  If a pressure of 0.75

psia were assumed, the final feedwater temperature without heating would

be about 93°F.  Clearly, all four configurations would probably have local

consensation in the stack gas.  This is to be avoided because of the

corrosive nature of the acid which would form.  Another reason for keeping

the feedwater heaters in the cycle is to provide a convenient location

to deaerate the water, namely the open feedwater heater.  Finally, a

higher stack gas temperature increases the so-called stack effect, and

a smaller diameter stack may be used.  For these reasons, the two feed-

water heaters will be kept in each configuration, and the loss of less

than 0.5 percentage points in station efficiency will be accepted.  Unless

otherwise stated, all subsequent results are presented with the regener-

ative feedwaters heaters in the steam cycle.

5.3.2  Intercooled Compressor Serving the Combustor

Next the air compressor serving the combustor is replaced with a

two-stage intercooled compressor on each configuration.  The schematic
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of this modified portion of the gas cycle is shown in Figure 5.3-2 and

a*plies to all four configurations.  The intercooler serves to reduce the

effective temperature of the gas during compression, tending to make the

process more nearly isothermal, which requires much less work than adiabatic

compression.  It is for this reason that the effect of an intercooled

compressor on each of the four configurationsis examined.  As always, it

is the station efficiency that must be used as a basis for comparison.

The new data applicable to the modified portion of the cycles must

first be specified.  It is easily shown that the optimum pressure ratio

for each stage of the two-stage compression is equal to the square root

of the product Of the initial and final pressures. This results in the

minimum amount of total compressor work being required.  Since the combustor

is assumed to operate at 10 atmospheres, the first-stage outlet pressure

is taken to be 3.162 atmospheres.  A 0.1 psi drop through the intercooler

is further assumed. The temperature to which the air is cooled in the

intercooler must be specified.  It is arbitrarily assumed that the air

may be cooled to within 50°F of ambient or to.127°F.  Each stage of

compression is assumed to have an efficiency of 0.9.

With these modifications to each configuration and with the regener-

ative feedwater heaters now in the system, the results summarized in

Table 5. 3-2 are obtained. It should first be noted that this modifica-

tion does not improve station efficiency for any configuration.  The

most immediate effect of intercooling is seen in the reduction of the

tempe rature   of   the   air   to the combustor. In Configurations   1    and   3,

this results in less air flow to the combustor since the lower air tem-

perature is a more effective diluent.  However, in Configurations 2 and
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4, the amount of air to the combustor is fixed since 10 percent excess air

is stipulated.  Now the lower air inlet temperature serves to reduce the

combustor outlet temperature.

Table 5.3-2
Results with Intercooled Compressor

Serving the Combustor

Configuration
1.  2   3   4

Station Efficiency (%)
Without 34.29 29.47 38.32 32.32
With 32.75 28.74 36.48 31.19

Air Temp. to Combustor.(°F)
Without 622.1 622.1 622.1 622.1
With

 

378.Z 378.7 378.7   378.1

Air Flow To Combustor (lbm)
Without 19.84 6.73 23.76 10.89'With 17.06 6.73 , 20.46  10.89

Combustor Outlet Temp. (°F)
Without 2000. 3250. 2000. 3057.
Wlth .. 2000. 3154. 2000. 2920.

Gas Cycle Heat Loss (Btu)
Without 4877. 4228. 4045. 3889.
With 5391. 4681. 4661. 4601.

Heat to Steam Cycle (Btu)
Without 4852. 6994. 5270. 6891.'
With 4375. 6430. 4699. 6001.

Gas Cycle Net Work (Btu)
Without 4856. 4175. 3432. 1967.
With 4638. 4071. 3387. 2145.

From the tabulation of results,  it can further be  seen for Configurations
1 and 3 that the.gas cycle heat loss increases substantially while the heat

transfer to the steam cycle decreases by a smaller amount.  The intercooling

is the primary reason for the additiohal heat loss.  Since the steam cycle
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efficiency is unchanged (for all configurations), the station efficiency

must decrease.  Less heat is transferred to the steam cycle primarily

because there is less gas flow.  It is further shown for Configurations 1

and 3 that the net amount of work produced in the gas cycle has decreased;

the work of compression decreased but the work of expansion decreased by

a greater amount, a direct result of the lower gas flow due to the lower

air flow.  Clearly, for Configurations 1 and 3, intercooled compressors

serving the combustor do not improve performance.

Let us now examine Configuration 2.  Again the gas cycle heat loss

increases but the heat transfer to the steam cycle decreases by an amount

greater than this.  Recall from Equation (2.1-10) that this heat transfer

to the steam cycle is multiplied by 92.  The decrease in (Q£ + Q2)/Qi is

Q2seen to be smaller than the decrease in - n2, resulting in poorer perfor-
Q1

mance.  Again intercooling causes the effective gas cycle heat loss to

increase, and the lower heat transfer to the steam cycle is caused by

the lower combustor exit temperature.  70 make matters worse, the stack                 '

gas temperature increased about 60°F (not shown).  A6 before, the net gas

cycle work has decreased, although some work of compression is saved.

Intercooling is not desirable, therefore, in Configuration 2.

A similar line of reasoning applies to Configuration 4 except that

now the net gas cycle work has increased.  However, the decrease in total

heat rejected from the gas cycle compared to the decrease in the weighted

heat transfer to the steam cycle, results in overall deteriorated perfor-

mance.

In summarizing, the addition of an intercooled compressor serving

the combustor is not warranted.  Unless otherwise stated, all subseauent
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results are presented without intercooled air compressors serving the

combustor.

5.3.3  Regenerator within Gas Clean-up System

Let us examine the temperature of gas leaving the steam generator for

the new base cases, which include feedwater heating but not intercooled

compression.  For Configurations 1 and 2 the steam generator gas exit

temperature is 1982°F and for Configurations 3 and 4 only 820°F.  Note

that the exit temperature of the adiabatic gasification type of configura-

tions is much higher than that of the endothermic type.  This is caused

by the much higher steam demand to the gasifier for the latter, which is

a characteristic of endothermic gasification as seen in Section 5.2.

Generating significantly more steam for the gasifier removes more sensible

heat from the power gas, thus lowering its temperature substantially.

Since the gas must be cooled for the gas cleanup operation, a great amount

of sensible heat is lost in the gas cooler when the gas temperature is

excessively high.  In fact, this is the chief reason why the endothermic

configurations perform better than the adiabatic.  Clearly, if these

heat losses could be reduced, then the cycle performance would be improved.

A gas-to-gas counterflow heat exchanger between the "dirty" power
gas entering the gas cleanup system and the "clean" gas leaving this

system will reduce these losses.  We may also refer to this device as

a regenerator, since heat is being transferred from one fluid stream in

the cycle to another.  Figure 5.3-3 shows how each cycle must now be

modified to include this new component.  As noted in Section 3.11, the

the regenerator effectiveness must be specified, which shall be taken
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to be 0.80 for now.  Later in Section 5.7 a parametric study on this

parameter will be done.  The pressure drop on each side of the regener-

ator will be taken to be 0.1 psi.

When this modification is made to the cycles, the results summarized

in Table 5.3-3 are obtained.  The improvement in cycle performance is

dramatic, especially for the first two configurations.  Without the regen-

erator in service, the configurations with an endothermic gasifier performed

better than those with an adiabatic gasifier.  This is not surprising since

the higher steam demand for endothermic gasification results in less heat

being lost in the gas cooler, as shown in Table 5.3-3 for the results

Table 5.3-3
Results with 80% Effective Regenerator

within Gas Cleanup System

.  Configuration
1 2 3 4

Station Efficiency (%)
Without 34.29 29.47 38.32 32.32

With 41.53 36.04 40.04 34.17

Heat Loss in Gas Cooler (Btu)
Without 2606. 2606. 623. 623.

With 485. 485. 122. 122.

without regeneration.  But with the regenerators in service, the adiabatic

configurations are superior to the endothermic.  Generating steam from

77°F water with 2000°F gas represents a large irreversibility compared

to that associated with 80% effective gas-to-gas regeneration.  Since

endothermic gasification requires much more steam than adiabatic, the

former contribution to the total irreversibility is emphasized, thus

de-emphasizing the contribution from the latter.  Configuration 1 now
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becomes the best performer.  Note however that the two configurations

utilizing a waste heat system are still superior to the two incorporating

a supercharged boiler system.

Unless otherwise stated, all subsequent results are presented with

the regenerator in the gas cleanup system.

5.3.4  Regenerator between Air Stream to Gasifier and Power Gas Stream

Next let us examine the temperatures of the air entering the gasifier

and of the power gas leaving the gasifier on Configurations 1 and 2.  Since

there is no air flow to the gasifier for Configurations 3 and 4, these two

cycles are dismissed from further consideration in this section.  The air

inlet temperatures are shown in Table 5.3-4 to be 651.9°F for Configur-

ations 1 and 2 while the gasifier gas exit temperature is 2000°F.  The

large temperature clearancelbetween these two fluid streams suggests that
a regenerator could be incorporated into these configurations as shown

in Figure-5.3-4.

Again the regenerator effectiveness is assumed to be 0.80. ·  The

pressure drops on each side of  regenerator are assumed to be 0.1 psi.

With this modification, the results shown in Table 5.3-4 are obtained.

Table 5.3-4,
Results with 80% Effective Regenerator
between Gasifier Air and Gas Streams

Configuration
12

Station Efficiency (%)
Without 41.53 36.04
With 41.80 36.62
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Table 5.3-4 (Continued)

Configuration
12

Temp. of Air to Gasifier (°F)
Without 651.9 651.9

With 1730.4  1730.4

Heat Transfer in Regenerator

within Gas Cleanup System (Btu)
Without 2121. 2121.

With 1096. 1096.

Heat Transfer in Present

Regenerator (Btu)
Without                                    0.      0.

With 902. 902.

Steam Flow to Gasifier (lbm)
Without 0.022 0.022

With 0.195 0.195

Heat Transfer in Steam Generator (Btu)
Without 28. 28.

With .252. 252.

Gas Cycle Heat Loss (Btu)
Without 3240. 1782.

With 3192. 1695.

Air Flow to Gasifier (lbm)
Without 3.783 3.783

With 3.121 3.121

Enthalpy of Air to Gasifier (Btu)
Without 1017.   1017.

With 1740. 1740.

Heating Value of Gas (Btu/SCF)
Without 135. 135.

With 155. 155.

Note that the station efficiency improves only slightly.  The reason

for this, of course, is that the other regenerator is already effectively

reducing the heat loss from the power gas flow stream. Note.also that
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the required steam flow to the gasifier has increased from 0.022 to 0.195

1bm.  This results in more heat transfer in the steam generator helping to
reduce the total gas cycle heat loss slightly.  Note that the hotter air

into the gasifier results in less air demand but more total sensible heat

is being added to the gasification process from the air.  Furthermore, the

lower heating value of the power gas is improved from 135 to 155 Btu/SCF.

All of these observations are consistent with the conclusions in Chapter 2,
concerning the effect of adding heat to the gasification process.

Admittedly, this regenerator improves the performance very little.

As implied above, the gasification efficiency is significantly improved

(from 86.58 to 94.75 percent).  Improving the gasification efficiency

significantly does not necessarily result in a significant improvement

in station efficiency.  Although the incremental improvement in perfor-

mance is small, this regenerator shall be kept in Configurations 1 and 2

for all subsequent calculations unless otherwise stated.  In Section 5.7,

the relative importance of the two regenerators in the adiabatic config-

urations will be determined.

5.3.5  Intercooled Compressor Serving the Gasifier

Finally, an intercooler is added to the compressor serving the

gasifier on Configurations 1 and 2 with the hope that the station effi-

ciency may be increased by reducing the work of compression.  The cycles

must be modified according to Figure 5.3-5 where only the affected portion

of the cycle is shown.  Note that.this modification applies only to the

two configurations incorporating an adiabatic gasifier.
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As  before, the first-stage pressure ratio is· taken  to be equal. to  the

square root of the product of the inlet pressure of the first stage and,

outlet pressure of the second stage; therefore the pressure at the outle
t

of the first stage is 3.317 atmospheres.  Again it is assumed
 that a 0.1

psi pressure drop occurs through the gas cooler, that the gas is cooled

to within 50°F of ambient or to 127°F, and that each compressor stage

has an efficiency of 0.90.

With this modification, the results shown in Table 5.3-5 are o
btained.

Note that the station efficiency of Configuration 1 has decreased, but tha
t

of Configuration 2 has just about remained the same.  In Configuration 1

the small increase in the net gas cycle work is not enough to of
fset the

even greater increase in the gas cycle heat loss.  In Configur
ation 2 the

larger amount of net gas cycle work is just about cancelled 
by the effect

due to the greater gas cycle heat loss.

Table 5.3-5                                        0

Results with Intercooled Compressor
Serving the Gasifier

Configuration
1     2

Station Efficiency (%)
Without 41.80 36.62

With 41.62 36.63

Gas Cycle Net Work (Btu)
Without 3705. 1609.

With 3709. 1662.

Gas Cycle Heat Loss (Btu)
Without 3192. 1694.

With 3265. 1774.
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In summarizing, the addition of an' intercooled compressor serving the
gasifier is not warranted.· Unless otherwise stated, all subsequent results
are presented without an intercooled air compressor serving the gasi fier.

5.4  Optimization

The purpose of this section is to optimize each configuration by
determining those operating conditions which maximize the station effi-

ciency.   It can be argued that the 'optimization needs to be done with

respect to only three variables: the gasifier exit temperature, the tom-

bustor pressure, and the gasifier steam temperature.  Increasing the steam

cycle peak pressure would improve performance but the steam turbine exit

quality is already near the practical lower limit of 88 percent and
increasing the steam pressure would make the turbine exhaust even wetter.

It has al ready been shown that feedwater heating is not really desirable

in a combined cycle.  .Clearly the optimum,steam extraction pressures

would be the limiting low pressure in the steam cycle, namely the con-

denser pressure.  It is not necessary, therefore, to optimize with respect

to these pressures.  Obviously, increasing the gas turbine inlet temper-

ature would result in improved station efficiency, but this parameter is

fixed by present-day gas-turbine technology at 2000°F, similarly for the

peak steam-cycle temperature of 960°F.  F6r the supercharged boiler

configurations, the excess air fraction is a specifiable parameter. How-

ever, when the excess air was increased from the current value of 10

percent, performance did not improve.  Consequently this parameter too

does not need to be considered in the optimization.  All other variables

have obvious optimum values (like zero pressure drops) and are.dismissed.
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The effect on performance of some of these parameters is considered in the

parametric studies of Section 5.7.

Befote the optimization procedure is described let us adjust the steam

turbine second- and third-stage efficiencies to be more realistic, namely  j

0.825 and 0.750 respectively.  The new base case station efficiencies
1 ,

become 41.26, 35.74, 39.52, and 33.47 percent' for Configurations 1 to 4

respectively.  The steam turbine exit quality is calculated to be 87.9

percent for each configuration and is marginally acceptable.

For each configuration, the following optimization procedure is

suggested.  Let us use the data for each cycle as already described up

to this point.  Then, varying only the temperature of the gas leaving the

gasifier, let us note the value which results in the highest station

efficiency.  With this optimum value for the gasifier exit gas temperature,

the peak gas cycle or combustor pressure will then be varied and the

station efficiency calculated.  The optimum value will be noted.  Finally,

with the above two optimum values being used, the temperature of the

superheated steam entering the gasifier will be varied, and the effect

on station efficiency noted.  Depending on the outcome, this procedure

may have to be repeated until no further changes in the optimum conditions

occur.  In the next four subsections, each configuration is optimized in

turn.  It should be emphasized that the results of our effort in Section

5.3 are incorporated into all subsdquent calculations, unless otherwise

stated.

5.4.1  Configuration 1

As a'lready outlined, the optimization begins with the waste heat

combined cycle integrated with an adiabatic gasifier.  All other
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1 ,        1.

parameters have the previously specified values.  Table 5.4-1 shows the
«..,.

resulting station efficiencies as this temperature is varied from 1600°F

to 2600°F in 200°F increments.  Note that the station efficiency is not

Table 5.4-1

Configuration 1 - Optimum Gasifier Temperature

Gas Temperature (°F) Station Efficiency (%)

1600 40.75
1800 41.17
2000 41.26
2200                     41.25
2400 41.22
2600 41.19

a strong function of gasifier exit gas temperature.  This shows that if

it is desirable to operate the gasifier at higher temperatures, then the

station efficiency will not be unduly compromised.  For example, the steam

flow to the gasifier is 0.457 1bm for gasification at 1600°F but only

0.105 1 bm at 2600°F.  Furthermore the gasification reactions would proceed

faster at the higher temperature.  This could result qualitatively in a

smaller gasifier design, since the residence time of the species in the

gasifier could be reduced.  In any event, the optimum value is taken to

be 2000°Fo which, incidentally,  is  the  val ue used prior  to this phase  of

the calculations.

With this value for gasification temperature, the gas cycle pressure

is now varied.  It should be noted, however, that the optimum pressure

for the gasification system is not independent of that for the gas turbine

cycle. Clearly, these- two pressure levels should  be as nearly the same

as possible, since any difference between them tends to act as an effective
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gas .cycle pressure drop inthe throttle valve. In real:ity, the ·gasification

pressure. must be· slightly hjgher than,the gas turbine cycle pressure because

there will. be losses in the real system.  Let lus use a .difference of ·1

atmosphere between the two systems.  Considering the other pressure drops

which have previously been specified, this is equivalent ·to assuming a

13.5 psi drop through the throttle valve after the steam generator.  The

resulting station efficiencies are shown in Table 5.4-2, where the com-

bustor pressure is the independent variable.  Note that the optimum

Table 5.4-2

Configuration 1 - Optimum Gas Cycle Pressure

Combustor Pressure (atm) Station Efficiency (%)

5                      40.58
10/ 41.26.
15                      40.62
2039.54
25                       38.28
30                      36.83

pressure occurs  at the value that .has been used all along, that  is,  10

atm. It should be .noted that the calculated gasifier steam flow varies

only slightly from 0.181 to 0.238 1bm as the pressure·is increased from 5

to 30 atm.  For pressures·above 15 atm, the calculated results indicate

that it is not possible to raise the 960°F superheated steam in the·waste

heat boiler.   In fact, at. 30 atm, -only 792°F·steam could be produced.

This partly accounts for the poorer performance at increased pressure.

Finally, the temperature of the steam entering the gasifier is

varied from 400°F to, 1000°F,in 100°F.-increments. The results, .shown

in Table 5.4-3, clearly show that there is no measurable effect of
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this parameter on station efficiency.  Let us take the "optimum" value to

be .600°F, since this will result in a smaller superheat section in the steam

generator compared to raising 1000'F steam.  One reason for the insensitivity

Table 5.4-3

Configuration 1 - Optimum Temperature
of Steam to Gasifier

Steam Temperature (°F) Station Efficiency (%)

400 41.25
500 41.25
600 41.26
700 41.26
800 41.26
900 41.26
1000 41.27

of the results to this parameter is that very little steam is required by

the gasifier; recall that only about 0.2 1bm of steam is needed.  The extra

sensible heat transferred from the power gas to effect additional super-

heating is minimal.  In fact, only about 50 Btu of additional heat are

required as the steam temperature is increased from 600 to 1000°F.  Later,

for the configurations incorporating an endothermic gasifier, it will be

seen that this. is no longer the case.     '

Clearly, the optimization procedure does .not need to be repeated.

The optimum gasifier gas temperature of 2000°F and the optimum gas cycle

pressure of 10 atm were used from the outset.  The somewhat arbitrary

gasifier steam temperature of 600°F ls sufficiently close to the original

value of 620°F that a new iteration is not necessary.  Furthermore,

station efficiency hardly depends on this steam temperature anyway.

We conclude, therefore, that the optimized cycle has a station

efficiency of 41.26 percent.  It should be emphasized that this includes
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the 10 percent station load factor.  Pressure drops and component ineffi-

ciencies are also included.  Without this 10 percent factor, the station

efficiency.would be 45.84.percent.  It should.be pointed out, however, that

we have yet to consider the impact of meeting the federal gaseous emission

requi rements on nitric oxides. These are considered in Section  5.5.

5.4.2  Configuration 2

Now the indicated optimization procedure is applied to the supercharged

boiler combined cycle integrated with an adiabatic gasifier.  From Table

5.4-4, the optimum gasification temperature is seen to be 1800°F, giving

a station efficiency which is only slightly better than the new base case

value of 35.74 percent.  The steam flow required by the gasifier is 0.264

1bm at the optimum gasification temperature.  As in Configuration 1, the

Table 5.4-4
Configuration 2 - Optimum Gasifier Temperature

Gas Temperature (°F) Station Efficiency (%)

1600 35.42
1800 35.79
2000 35.74
2200· 35.67
2400                    35.59
2600 .35.51

station efficiency is not drastically affected by the gasification temper-

ature.  Again consideration of other factors such as reduced steam flow

and smaller gasifier designs at higher temperatures may dictate actual

operation off optimal conditions.  The above results again indicate that

the sacrifice in station efficiency would be minimal.
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The gas cycle pressure is varied next.  As before, the value of the

gasi fication temperature which· proved to be optimal  is now used.   The

resulting station efficiencies are shown in Table 5.4-5. The optimum

pressure is seen to be 10 atm, which is the value that has ,been used thus

Table 5.4-5

Configuration 2 - Optimum Gas Cycle Pressure

Combustor Pressure (atm) Station Efficiency (%)

5 32.20
10                      35.79
15                      35.60
20                       35.28
25                       34.89
30                       34.50

far. The decrease in station· efficiency for pressures above 10 atm is

primari ly  due  to the reduction  in  net  work  (134  Btu  for  30 atm) produced

in the gas cycle, although there is a small decrease in net work (49 Btu)

produced in the steam cycle.  As expected, for this configuration it is

always possible to raise the 960°F steam in the boiler, since a super-

charged boiler is now in the cycle.

Finally, the temperature of the steam to the gasifier is varied, with

the results shown in Table 5.4-6.  It is emphasized that the gasification

Table 5.4-6
Configuration 2 - Optimum Temperature of Steam to Gasifier

Steam Temperature (°F) Station Efficiency (%)

400 35.77
500 35.78
600 35.79
700 35.79
800 35.80
900                 '      35.81

1000 35.82
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temperature of 1800°F and gas cycle . pressure of 10 atm obtained above are

used to obtain the results of Table 5.4-6'. Again the "optimum" steam

temperature will be tdken to be 600°F, sihce a smaller superheht section

in the steam generator will be needed compared to raising 1000°F steam.

Also, as in the results of Configuration 1, the entire cycle is practically

independent 6f this parameter.

When the above optimization procedure is repeated using the latest

optimum Values, the same results dre obtained.  It is concluded that for

Configuration 2 the optimum operating conditions are as follows: 1800°F

gasification temperature, 10 atm gas cycle pressure, and 600°F gasifier

steam temperature. While the last specification is not really optimal,

the decrease in station efficiency from that at 1000°F is almost undetect-

able.  It appears that the station efficiency for the optimized cycle is

only 35.79 percent, which is significantly below that of Configuration 1.

Again it is pointed out, however, that consideration of the pollution

criteria may reduce this gapl ,

5.4.3  Configuration 3

Tbe same optimization procedure is now applied to the waste heat

combined cycle integrated with an endothermic gasifier.  As before, the

gasification temperature is varied first.  The results are shown in

Table 5.4-7.  The optimum gasification temperature is seen to be between

1800°F and 2000°F.  The lower temperature is chosen as optimum even
/

though slightly more steam is required in the gasification process (1.038

1 bm at 1800°F compared to 0.997 1 bm at 2000°F).  The reason for this is
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that the heat source for the endothermic gasifier is the combustor, which,,

it should be recalled, has a product gas exit temperature of 2000°F in:

order to be compatible with the turbine inlet temperature.  The effective ..

temperature of the heat source for the gasifier must be higher than the

gasification temperature because of the second law of thermodynamics, since

it is impossible to transfer heat from one temperature to a higher temper-

ature in a cycle without expending work.  It is indeed fortuit6us that the

optimum gasification temperature turned out to be significantly below the

2000°F temperature of the heat source.  Unlike Configurations 1 and 2,.

Configuration 3 cannot be operated at gasification temperatures above
':1.

this.limiting value. For completeness, it is also seen from the .program

Table 5.4-7

Configuration 3 - Optimum Gasifier Temperature  .               ,-

1
Gas Temperature. (,°F) Station Efficiency (%)

I
1.600 39.18
1800 39.52
2000 39.52
2200 39.41
2400 39.27
2600 39.12

t

output that 4627 Btu'are required by the gasifier.  Of course, the same

amount of heat is  removed from the combustor, since no 'losses are assumed.   «

Next the combustor pressure is varied with the above optimum value

being used and the resulting station efficiencies a e shown in Table

5.4-8, where the optimum again is the value that has been used all along,

namely 10 atm.  As in the other waste heat system configuration, it is

not possible to raise 960°F steam for dombustot pressures above 15 atm.
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At 30 atm, the temperature of the iteam to the turbine is only 801°F.   As

before, this accounts in part for the reduced performance at higher com-

bustor pressures.

Table 5.4-8
Configuration 3 - Optimum Gas Cycle Pressure

Combustor Pressure (atm) Statioh Efficiency (%)

5                        38.53
10                       39.52
15                      -39.12
20                      38.26
25                        37.20
30                       36.00

Finally, the gasifier steam temperature is varied with the above two

optimum values now being used.  The resulting station efficiencies are

shown in Table 5.4-9.  It should be noted that there is a larger effect

on station efficiency now compared to that of the adiabatic configurations.

Table 5.4-9
Configuration 3 - Optimum Temperature

of Steam to Gasifier

Steam Te$perature (°F) . Station Efficiency (%)

400                       39.44
500                       39.48
600 . 39.52
700 39.55
800 39.59.
900 39.62

1000 39.66

Not shown in Table 5.,4-9 is thei effect of;increasing this steam temperature

on the steam generator gas-side exit temperature.  For a steam temperature

of 1000°F, the power gas ·is cooled to 367°F from the base case value of

5-34



568°F.  In Section 5.6, it will be shown how the regenerator and possibly

the gas cooler may be eliminated by taking advantage of this.

When the above procedure is repeated starting with a steam temperature

of 1000°F, a combustor pressure of 10 atm, and a gasifier gas exit temper-

ature of 1800°F, the optimum conditions do not shift.  For the time being,

these are accepted as optimal.  The optimum station efficiency is 39.66

percent without consideration of the pollution criteria.

5.4.4  Configuration 4

Finally, the optimization procedure is applied to the supercharged

boiler combined cycle integrated with an endothermic. gasifier. As usual,

the gasification temperature is varied first with the resulting station

efficiencies shown in Table 5.4-10.  The'optimum gasification temperature

is seen to be 1800°F.  Unlike Configuration 3, the combustor outlet tem-

perature is well above all feasible gasification temperatures; at the

optimum the combustor outlet temperature is.3166°F.  Again it would be
6

Table 5.4-10

Configuration 4 - Optimum Gasifier Temperature

Gas Temperature (°F) Station Efficiency (%)

1600 33.12
1800 33.55
2000 33.47
2200 33.40
2400 33.21
2600 33.02

possible to operate the gasifier at a higher than optimal temperature if

this became desirable for other reasons.  For completeness, the amount of
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heat. required by the gasifier is 4627 Btu and, again, must be equal to that

's         supplied by the combustor..

Using the above 1800°F gasification temperature, the combustor pressure

is now varied with the resulting effect on station efficiency shown in Table

5.4-11.  For the first time the optimum gas cycle pressure is no longer the

value that has been assumed· all along, but rather 20 atm. Doubling the gas

cycle pressure has added more than 2 percentage points to the previous

highest station efficiency.

Finally with these two optimum values fixed, the temperature of the

steam to the gasifier is ·varied with the resulting station efficiencies

Table 5.4-11
Configuration 4 - Optimum Gas Cycla Pressure

Combustor Pressure (atm) Station Efficiency (%)

5                       29.00
10                      33.55
15                      35.29
20                       35.81
25                    .   35.54
30                       35.23

shown in Table 5.4-12.  Note that it is not possible to have a superheated

steam temperature of 400°F since this is below the saturation temperature

of the water-side of the steam generator.  As in the other endothermic

configuration, the temperature of the gas leaving the steam generator is

reduced substantially as the steam timperature is increased; from 553°F

for the new base case to 339°F for the 1000°F steam temperature.  More will

be said about this in Section 5.6.
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s                When the above procedure is repeated starting with a steam temperaturd

of 1000°F, a combustor pressure of 20 atm, and a gasifier gad exit temper-
.'-1

61         ature of 1800°F, the optimuin condi tions remain the same.· Thbrefore, for
, 9,1

                                            Table 5.4-12 1. 1Cohfiguration 4 - Optimum Temperature '
of Steam to Gasifier

Steam Temperature (°F)   Station Efficiency (%)

500 35.77
600 35.81
700 35.84
800 35.87
900 35.90
1000 35.93

now these conditions are accepted as optimal:  The optimum station effi-

ciency for Configuration 4 is only 35.93 percent, without consideration of

the pollution critera.

5.5  Consideration of the Gaseous Pollution Criteria

The model that has been used so far is capable of predicting the

amount of sulfur oxides (SOx) and nitrogen oxides (NOx) that enter the  

atmosphere from the stack.  Recall that the combustor,model, in partic-

ular, provides the composition of the product gas; that is, the mole (and

weight) fraction of each constituent in the product gas, and hence stack

gas, is known.  Recall also that the amount of gas that the enters the

atmosphere through the stack is calculated.

Through the EPA, the federal government has set limits on these two

types of. pollutants from power plants.  These limits are summarized in
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Table 5.5-1 for the various fuel tyRes.  Note that the units used in.this

table are 1bm (of pollutant) per million Btu (of fuel input based on the

Table 5.5-1
Federal Emission Limits 31,25

Limit (lbm per 106 Btu)
Type of Fuel        SOx       NOX

Coal 1.2 , 0.7
Oil 0.8 0.3
Gas

'

0.2 0.2

higher heating value of the fuel).  Note further that the limit varies with

fuel type, the limits for gaseous fuels.being the most stringent.  Let us

use the limits for a coal-fired plant, since this is in fact our primary

fuel.  It obviously would be much more difficult to meet the limits for a

gaseous fuel.

As alluded to in Chapter 4 during the discussion of subroutine POLUTE,

the NO producing reaction is reported23 to freeze at a temperature of about

2400°F.  In other words, the NO producing reaction slows down markedly in

the reverse direction for temperatures below 2400'F.  So it may be argued

that even though combustion takes place at temperatures over 3000°F which

produces a larger amount of NO, the concentration of NO will decrease as

the stack gas temperature is approached.  However, because of the above

mentioned freeze phenomenon, the concentration of NO never goes below its

equilibrium value at 2400°F.

It should be noted that provisions have been made already for reducing

SOX emissions via the gas cleanup system.  Recall that it was assumed that

90 percent of the H25 is removed from the power gas before it is burned
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in the combustor.  Since there is much free oxygen in the combustor, the

sulfur in the remaining H25 and all the COS ends up mostly in the form of

S02 with smaller amounts in the form of SO and S03·

Although more complete results on the gas composition are presented in

the next section, let us present some of these now in.order to see the

relative magnitudes.  These abridged results are shown in Table 5.5-2 and

are from the calculations which yield the optimum operating conditions

discussed in the previous section.  For the values given, it is assumed

Table 5.5-2

Abridged Results on Combustor Product Gas Composition
(PPM by Weight)

Configuration
Effluent        1       2       3       4

SO                     0            0            0            0
502 230 620 220 500

503          30       0      20       0

NO 520 3420 480 2810

N02          20       0      10      10

that equilibrium exists at the combustor exit temperature, namely 2000,

3610, 2000, and 3354°F respectively for Configurations 1 to 4.

When the amount of SOx and NOx are calculated according to the method

given in Section 4.6, the results shown in Table 5.5-3 are obtained assum-

ing equilibrium at the just stated combustor exit temperatures.  Note that

even for equilibrium at 2000°F, Configurations 1 and 3 are unacceptable

with respect to NOx.  Configurations 2 and 4 are also unacceptable with

respect to NOx at this point, but it is important to remember that these

values correspond to equilibrium at temperatures of 3610 and 3354°F
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respectively, which are above the 2400°F freeze temperature.  All configura-

tions meet the 1.2 1bm/106 Btu limit on.SOx; it is concluded that at least

Table 5.5-3
Gaseous Emissions Assuming Equilibrium

at the Combustor Exit Temperature
(lbm/106 Btu)

Configuration
Effluent      1        2        3        4

SOX 0.60 0.57 0.50 0.49
N0X 1.24 3.21 1.03 2.74

for the coal which is assumed thus far, that 90 percent H25 removal is

effective.  In fact, this leaves plenty of margin in the tail gas effluents

from the sulfur recovery operation in the Claus plant.

Now let us modify the calculation of the NOx emissions by the method

discussed in Section 4.6, namely by assuming that NO producing reaction

freezes at 2400°F.  These results are shown in Table 5.5-4.  The NOx for

Configurations 1 and 3 must obviously increase while that for Configurations

2 and 4 must decrease.  Now the supercharged boiler configurations are

Table 5.5-4
NOx  Emission Assuming NO Producing

Reaction Freezes at 2400°F
(lbm/106 Btu)

Configuration
Effluent      1        2        3        4

NOX 3.54 0.41 2.93 0.47

acceptable with respect to both NOx and SOx emissions.  The waste heat

boiler configurations, however, exceed the limit on NOx by more than a
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factor of 4.  As mentioned during the development of the combustor model,

flue gas recirculation is sometimes used as ·a means to reduce the NOx.   In
essence some of the relatively cool flue gas is recirculated back into the

combustor thus replacing some of the excess air as the diluent.  This serves

two  purposes:  one  is to reduce the amount  of  gas that actually  goes  to  the

atmosphere and the other is to reduce the amount of NO produced in the first

place.

Let us incorporate  flue  gas reci rculation 'and modify the waste  heat

configurations as shown in Figure 5.5-1, where only the affected portion of

the cycle is shown.  Recall from the development of the combustor model.in

Section 3.2 that unless the flue gas enters the combustor at a reduced

temperature the benefit of flue recirculation is lost.».Also gas compres-

sory are needed, since the flue. gas is at atmospheric pressure and,the

combustor operates at elevated pressures.. The first gas cooler is added .  :

to reduce the work required by the first stage of compression..  The

intercooler  helps  to  reduce, the work requi red  by the second stage  of

compression.  Finally the second gas cooler is utilized to lower the

temperature of the compressed flue gas before entering the combustor

to  maxi mize the effect   of  the   fl.ue  gas r*ci rculation.

Additional data need to be specified befdre the NOx emission can

be calculated.  Let us assume that each of compressor stages has an

efficiency of 0.9 and that the first gas cooler reduces the flue gas

temperature to 250°F, the second to 300°F, and the third to 350°F.

Note that is is not possible to reduce these temperatures to within

50°F of ambient as before because. the flue gas  has  a high volume fraction

of water vapor.  As the pressure increases, the dew"point temperature
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increases.  Condensation in the flue gas recirculation system is to be

avoided for the same reasons it is to be avoided elsewhere in the system.

A pressure drop of 0.1 psi is assumed in each gas cooler.

With this modification to only Configurations 1 and 3, the results

shown in Table 5.5-5 are obtined.  Note the decrease in performance as the

fraction of flue gas recirculation is increased.  In order to ensure some

margin, it appears that about 53 percent recirculation is necessary for

Table 5.5-5
Effect of Flue Gas Recirculation

on Configurations 1 and 3

Configuration 1

Fraction of Flue Station Efficiency         NOX
Gas Recirculated           (%)            (lbm/106 Btu)

0.30 38.36 1.89
0.35 37.95 1.62
0.40 37.55 1.34
0.45 37.19 1.05
0.50 36.85 0.74
0.55 36.56 0.33

Configuration 3

Fraction of Flue Station Efficiency         NOX
Gas Recirculated           (%)            (lbm/106 Btu)

0.30 37.08 1.37
0.35 36.71 1.10
0.40 36.38 0.82
0.45 36.07 0.49

Configuration 1, while for Configuration 2 only 45 percent is needed.

Unless otherwise stated, the fraction of recirculated flue gas is fixed

at these values for all subsequent calculations.  The NOx shown in Table

5.5-5 has been calculated assuming the 2400°F freeze temperature.
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When Configurations 1 and 3 are checked to determine how flue gas

recirculation might effect the previously calculated optimum conditions, no

shift in these parameters occurs.  That is, the two configurations are still

optimum for the previously determined operating conditions..

Finally, let us verify one of the assumptions made in Section 4.6

concerning the numerical equivalence of the mole and weight fraction of
.,

NO.  For each configuration, these are shown in Table 5.5-6, assuming 53

and 45 percent recirculation for Configurations 1 and 3 and no recirculation,

Table 5.5-6
Numerical Equivalence of Mole
and Weight Fraction of NO

Configuration
1 2 3 4

Mole Fraction .00018 .00342 .00016 .00263

Weight Fraction .00019 .00353 .00017 .00277

of course, for Configurations 2 and 4.  Clearly, the approximation made in

Section 4.6.16 is justified since ample margin exists in the calculated

NOx emissions compared to the limiting value.

5.6  Review of Results

The main purpose of this section is to summarize some of the more

important results.  After modifying Configurations 3 and 4 still further,

new cycle schematics for each optimized configuration will be presented.

In addition, the water and heat rejection requirements will be given for

each optimized configuration.
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Before summarizing the results, let us review the results for the

optimization of Configurations 3 and 4 with respect to the gasifier steam

temperature.  Recall that as this temperature was increased the temperature

of tbe power gas leaving the steam generator decreased a few hundred degrees.

By increasing the steam temperature even further, the gas temperature at

the steam generator exit could be decreased to within the temperature range

of the gas cleanup system, which is 200 to 260°F.  This suggests that·the

regenerator  can be removed from these endothermic configurati ons  at  the

expense of making the steam generator superheater larger.  When this regen-

erator is removed from these configurations and the temperature of the

steam to the gasifier is increased, the results shown in Table 5.6-1 are

obtained.  Only the results for the steam temperature which gives a steam

generator gas exit temperature near 200°F are presented.  Clearly, the gas

Table 5.6-1

Results without Regenerator
in Service and Elevated Gasifier

Steam Temperatures

Configuration
3 4

Gasifier Steam Temp. (°F) 1280  · 1200

Station Efficiency (%)
Previous Optimum 36.07 35.93

Without.Modifications 36.14 35.95

Steam Generator Gas
Exi t Tempe rature ( °F) 211. 222.

Heat Removed by Gas
Cooler (Btu) 11. 22.

cooler.before the gas cleanup system could. also be removed, since cleanup

at both 211 and 222°F is acceptable.  This would result in even higher

performance, but the improvement would be small.
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It should be noted that the purpose of this modification is to eliminate

the use of expensive equipment and not to improve the station efficiency by

less than a tenth of a percentage point.  By taking advantage of using a

higher gasifier steam temperature, it is possible to eliminate an expensive

piece of equipment, namely the regenerator, from Configurations 3 and 4.

The gas cooler, however, will be left in the cycles, but it should be kept
.

in mind that these too could be eliminated if an actual plant were to be

built.

An obvious question arises.  Why is it possible to allow steam temper-

atures in excess of 960°F in the steam generator but not.in the boilers?  A
I                                                                                                                                                                                                                                                              o

careful examination of the differences between the two provides the answer.

The primary reason for limiting the steam temperature to about 1000'F in

the supercharged and waste heat boilers is that stress problems arise at

elevated temperatures because of the large pressure differential between

the two sides.  In the waste heat boiler, the steam-side operates at

1600 psia but the gas-side at atmospheric pressure.  In the supercharged

boiler, the steam-side again operates at 1600 psia but the gas-side at

ten or twenty atmospheres.  In any event, at elevated temperatures stress

problems arise with these kinds of pressure differentials.  This is not

the case in the steam generator, however, because both.sides are neces-

sarily at approximately the same pressure.  Consequently* it is probably

no problem to raise the higher temperature steam in the steam generator.

Unless otherwise stated the regenerator in Configurations 3 and 4.is

removed  from the· respecti ve  cycl es   for all subsequent calculations.     When

Configurations 3 and 4 are re-optibized, no changes from the previous

optimum conditions result.
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We are in a position now to modify Figures 2.3-1 to 2.3-4 based on the

results up to this point.  The modified configurations are shown schematically

in Figures 5.6-1 to 5.6-4 for Configurations 1 to 4 respectively.  Configura-

tion 1 now has regenerative feedwater heating, single stage air compressors,

two regenerators, and flue gas recirculation.  Configuration 2 similarly

has regenerative feedwater heating, single stage air compressors, and one

regenerator, but no flue gas recirculation.  Configuration 3 has regenerative

feedwater heating, a single stage air compressor, flue gas recirculation,

but no regenerators at all.  Finally, Configuration 4 is unmodified from

original cycle presented in Chapter 2 except for the addition of the regen-

erative feedwater heating.  The new cycle schematics represent the final

versions of the original cycles presented in Chapter 2 with gaseous emission

criteria now considered.

Let us now summarize some of the key results for each optimized

configuration as shown in Table 5,.6-2. These results apply to the cycles

shown in Figures 5.6-1 to 5.6-4.  From this table it is seen that all

four configurations have practically the same station efficiency, although

Configuration 1 is marginally the best.  More importantly, Configuration 1

requires less total steam than the other configurations.  As expected, the

endothermic configurations require much more steam than the adiabatic

ones.  Note that the amount of heat rejected through the condenser for

the waste heat configurations is significantly below that for the super-

charged boiler configurations.  For Configuration 1, only about 29 percent

of the heat input to the cycle is actually rejected to the heat sink,

probably a river, compared to about 63 percent for an equally efficient

conventional fossil-fueled plant.  This difference could be significant
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enough to eliminate the need for expensive cooling towers, which seem

today to be almost standard equipment on new power plants.  This benefit

practically disappears for the supercharged boiler configurations.  Another

interesting trend is the ratio of gas cycle work to steam cycle work.

Once again the indication is that de-emphasizing the gas cycle is undesir-

able.  If flue gas recirculation were not needed, then the configurations

Table 5.'6-2
Summary of. Results for

Final Version of Each Configuration

Configuration
1 2 3 4

Station Efficiency (%) 36.67  35.79  36.14  35.95

Combined Cycle Efficiency (%) 43.01  41.83  42.08  44.86

Heating Value of Gas (Btu/SCF·) 155. 157. 288. 290.

Water Requirement (lbm)
Gasification 0.195  0.264  1.038  1.068
Gas Cleanup 0.268  0.243  0.123  0.000
Total 0.463  0.507 1.161 1.068

Heat Rejected (Btu)
Gas Cycle 3861. 1710. 4114. 2243.
Steam Cycle 3692. 5968. 3515. 5412.

Ratio of Gas Cycl.e W6rk to
Steam Cycle Work 1.44 0.47 1.53 0.63

Fraction of Flue Gas
Reclrculated 0.53 -- 0.45    --

Pollution (lbm/106 Btu)
NOx 0.52 0.41 0.50 0.47
SOX 0.59 0.57 0.49 0.49

Station Efficiency (%) 41.26  35.79  39.66  35.93
without Pollution Control

with high gas cycle work to steam cycle work ratios would be superior to

those with low such ratios.  Flue gas recirculation takes its toll on

station efficiency, somewhat masking the correlation between this ratio

and cycle performance.  For added proof of this, refer to the results
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presented in Tables 5.2-3 and 5.2-4.  For completeness, the amount of flue

gas recirculation as well as the amount of NOx and SOx emissions are also

given in Table:5.6-2.

It is convenient at this point to present· typical equilibrium compo-

sitions of the clean fuel gas and the combustor product gas.  The former

are summarized in Table 5.6-3 and the latter in Table 5.6-4.  Note that

the composition is given by mole fraction (or volume fraction).

Table 5.6-3 shows that the fuel gas for Configurations 1 and 2 is

composed mostly of N2, CO, and H2•1 Recall that these configurations incor-

porate adiabatic gasifiers and ·that a large amount of air is required.

Consequently, a high fraction of the fuel gas is composed of N2, which

Table 5.6-3

Composition of .Clean Fuel Gas
for Final Version of Each Configuration

(Mole Fraction)

Configuration
Species       1      '  2        3        4

H2 0.1835 0.1933 0.4968 0.4950

CH4    ' 0.0021 0.0046 0.0299 0.0530

H20 0.0784 0.0784 0.0784   0.0392
CO 0.3017 0.2954 0.3771 0.3822

N2 0.4256 0.4130 0.0022 0.0024

Ar 0.0053 0.0052 0.0000 0.0000

C02 0.0027 0.0094 0.0149 0.0274

H25 0.0004 0.0004 0.0006 0.0006
COS 0.0002 0.0002 0.0001 0.0002
NH 3 0.0001 0.0001 0.0000 0.0000

serves to lower the effective heating value of the gas, thus giving a

low-Btu fuel gas. For Configurations 3 and 4, the nitrogen in the fuel

gas is due only to that in the coal, since endothermic gasification
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requires no air.  For these configurations, the fuel gas is composed mostly

of H2 and CO, thus yielding a higher effective heating value for the fuel

gas.  These results agree with the general trends indicated in Section 2.2.

It should also be noted that the amount of CH4 produced is insignificant for

all configurations, although more is produced in the endothermic gasifiers.

This is unfortunate since CH4 has a heating value of about 1000 Btu/SCF and
is the primary component in natural- gas. Clearly the gasification processes

would' have to be modi fied substantially to produce a synthetic natural gas

(mostly CH4).  This is, of course, outside the scope of this dissertat,ion.
Table 5.6-4 shows  that the ·combustor product  gas is composed mostly  of

N2' which is not surprising since air is necessary to the combustion process.

Table 5.6-4
Composition of Combustor Product Gas.

for Final.Version of Each Configuration
(Mole Fraction)

Configuration
Species        1        2        3        4

H2 0.0000 0.0006 0.0000 0.0002
H20 0.1254 0.1327 0.1995 0.1865
CO                   · 0.0000 0.0037 0.0000 0.0008
N2 0.7025 0.6922 0.6430 0.6511
02 0.0185 0.0121 0.0165 0.0148

Ar 0.0088 0.0087 0.0081 0.0082
C02 0.1443 0.1441 0.1325 0.1343
NO        0.0002 ,0.0034 0.0002 0.0027
OH 0.0000 0.0020 0.0000 0.0012
H · 0.0000 0.0001 0.0000 0.0000

0 0.0000 0.0001 0.0000 0.0000
N02 0.0000 0.0000 0.0000 0.0000
SO 0.0000 0.0000 0.0000 0.0000
S02 0.0003 0.0003 0.0002 0.0002
503 0.0000 0.0000 0.0000 0.0000
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The main products of combustion are H20 and C02 as expected.  Practically

no CO is produced by Configurations 1 and 3 with a significant amount

produced by Configuration 2 and a moderate amount by Configuration 4.

Note  that in Configurations  1   and  3, the amount  of  NO  is  quj te low because

of the flue gas recirculation.  Note that practically no N02, no SO, and

no S03 are produced.

5.7  Parametric Studies

Let us determine the sensitivity of station efficiency to variations

in some of the parameters, the values of which have been assigned somewhat

arbitrarily in Section 5.2.  Among the parameters that will be varied are

coal composition, regenerator effectiveness, pressure drops and component

efficiencies, boiler pinch points, and qas turbine inlet temperature.

5.7.1  Coal Composition

As mentioned before, the coal which has buen assumed in all the previous

calculations is a Pennsylvania high volatile bituminous coal.  Let us now

use three other coals, the compositions of which are given in Table 5.7-1.

For convenience, the composition of the Pennsylvania coal is listed in this

table also.  Note that a typical eastern coa126, a Wyoming coa127, and an

Illinois coa113 are used.  It should be noted that the Illinois coal is the

same one used in ECAS14 and is actually referred to as Illinois No. 6.  The

effect on the station efficiency for only Configuration 1 will be shown

since similar results are obtained for the other configurations.  For each

of these three other coals, the station efficiency is improved slightly
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Table 5.7-1
Coal Compositions for Parametric Study

(Weight Fractions)

Reference Typical Wyoming Illinois
Coal Eastern Coal Coal No. 6

C 0.7304 0.786 0.730 0.. 596
H, 0.0528 0.049 0.056 0.059
0 0.0616 0.020 0.151 0.200
N 0.0088 0.005 0.012 0.010
S 0.0264 0.010 0.005 0.039
H20(Z) 0.0300 0.020 0.000 O.000
Ash 0.0900 0.110 0.046 0.096

with the change in station efficiency being less than one percentage point

as shown in Table 5.7-2.  As expected, the amount of SOx produced  varies

directly with the weight fraction of sulfur in the coal.  Note that even

for,the higher sulfur Illinois No. 6 the amount of SGx produced ist Still
below the 1.2 1bm/106 Btu limit.  For completeness, the lower heating values

of each coal, calculated from the Dulong approximation, are also tabulated.

Table 5.7-2
Results of Parametric Study on Coal Composition

(Configuration 1)

Reference Typical Wyoming   Illinois
Coal Eastern Coal Coal No. 6

Station

Efficiency (%) 36.67 36.84 37.33 36.76

SOX (lbm/106 Btu) 0.59 0.21 0.12 1.10

Lower Heating
Values (Btu/lbm) 12,747 13,526 12,222 10,334

From this brief parametric study, it can be seen that the cycle perfor-

mance is fortunately not a strong function of coal composition.
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5.7.2  Relative.Importance of Regenerators in. Confi
gurations 1 and 2

Next let us try to determine the relative importance
 of the two regen-

erators incorporated  in the adiabatic configurations.    This  is  most easi ly

done by varying the effectiveness of one regenerator
 while keeping the other

one fixed at its nominal value of 0.80.  Let us refer· to the regenerator in

the gas cleanup system as  RG2  and that.adjacent  to the gasifier as  RGl.

Let us hold the effectiveness of RG2 at 0.80 and va
ry the effectiveness

of RGl as shown in Table 5.7-3, where the resulting
 station efficiencies are

Table 5.7-3

Results of Parametric Study on the Effectiveness

of RGl with that of RG2 Held at 0.80

Station Efficiency (%)

Effectiveness Configuration
of RGl 1         c       ·2

0.80
· 36.67 35.79  ,

0.60 36.60 35.68

0.40 36.52 35.58

0.20 36.44 35.46

0.00 36.35 35.34

also shown.  It is noted that the decrease in stati
on efficiency is not

significant as the effectiveness of RGl is decreased.  In. fact, ff RGl were

removed completely, the station efficiency would dro
p less than 0.5 percent-

age points from its nominal value.

Next let us hold the effectiveness of RGl at 0.80 a
nd vary the effec-

tiveness of RG2 as shown in Table 5.7-4, where the r
esulting station effi-

ciencies are also shown.  Now the deterioration in 
performance is dramatic.

In fact, for both Configurations 1 and 2, the stati
on efficiency would drop

about 3 percentage points if RG2 were removed from t
he cycle.  Clearly the
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the regenerator in·the gas cleanup system is the more important one:  The
effect  of this  :trend on economic decisions concerning these regenerators
is obvious.·

Table 5.7-4
Results 'of Parametric Study on the Effectiveness.

of RG2 with that of RGl Held at 0.80

Station Efficiency (%)

Effectiveness Configuration
of RG1                1           2

0.80 36.67 35.79
0.60 35.90 35.14
0.40 35.11 34.40       ;
0.20 34.31 33.63
0.00 33.51 32.85

5.7.3  Pressure Drops and Component Efficiencies

In order to see the effect of the assumed pressure drops and component

efficiencies on station efficiency let us first make all the pressure drops

zero and note the results.  . Then with zero pressure drops,  let us calcu-
late the station efficiencies assuming all the compressors, pumps, and

turbines are 1:00 percent efficient. The effect' of the assumed pressure ·
drops is shown in Table 5.7-5.  Note that· the station efficiency increases

Table 5.7-5
Results of Parametric Study on Pressure Drops

Station Efficiency (%)

Configuration1 2 3 4
With Pressure Drops 36.67 35.79 36.14 35.95
Without Pressure Drops  · 37.53 36.78 36.95 36.85
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by about 1 percentage point for all
 configurations.  ·The improvement 

in

performance by assuming ideal components is much more dramatic as shown in

Table 5.7-6.  In fact, more than 6 p
ercentage points are lost because of

Table 5.7-6

Results of Parametric Study on Effic
iencies

of Compressors, Pumps, and Turbines
(Without Pressure Drops)

Station Efficiency (%)

Configuration
1              2              3              4

Non-ideal Components 37.53 36.78 36.95 36.85

Ideal Components 44.73 43.04 43.49 43.74

the inefficiencies associated with 
the pumps, compressors, and turbine

s

compared to the zero pressure drop cases. Marked improvement in overall

performance can be expected by decr
easing the irreversibilities associ

ated

with these components, although sign
ificant improvements in these compon

ent

effl ciencies are unlikely.

5.7.4  Boiler Pinch Point Temperatu
re Differences

Let us now decrease the pinch point 
temDerature differences in the

boiler of each configuration from 40
 to 20'F.  This would require a larg

e

boiler, since more heat transfer are
a would be needed.  As shown in Tabl

e

5.7-7, the improvement in performanc
e is not great.  In fact, for Config

-

uration 2 the performance is unchang
ed since a 20°F pinch point temperat

ure

difference is not possible.  For thi
s case, the computer output indicate

s

that the pinch point temperature dif
ference has to be 40°F to ensure 7°F
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subcooled water in the economizer.  Based on these results, it is unlikely

that decreasing the pinch point temperature difference in the boilers from

40°F to 20°F could be economically justified.

Table 5.7-7
Results of Parametric Study on

Boiler Pinch Point Temperature Differences

Station Efficiency (%)

Configuration1 2 3 4
With 40°F 36.67 35.79 36.14 35.95
With 20°F 37.21 35.79 36.64 36.13

5.7.5  Gas Turbine Inlet Temperature of 2400°F

Finally, let us determine how much the station efficiency could be

improved by increasing the turbine inlet temperature to 2400°F.  Because

Configuration 1 has resulted in the best performance, let us now restrict

our attention only to this configuration.  It is reasonable to expect that

similar improvements in station efficiency for each of the other config-

urations would result for a similar increase in gas turbine inlet temper-

ature.  For the remainder of this subsection, therefore, we restrict our

attention to Configuration 1 only.

The higher gas turbine inlet temperature will require a different

amount of flue gas recirculation. Let us vary the fraction of flue gas

recirculated for the new turbine inlet temperature of 2400°F as shown in

Table 5.7-8.  Also shown in this table are the resulting station efficien-

cies and the amounts of NOx that enter the atmosphere.  It should be

emphasized that since the "freeze" and "equilibrium" temperatures are
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both 2400°F, the calculated amounts of NOx are essent
ially identical for the

two methods of computation.  Note that about 40 perce
nt flue gas recirculation

is sufficient to reduce the NOx to below the 0.7 1bm/1
06 Btu limit with ample

Table 5.7-8

Parametric Study on Flue Gas Recirculation

at Gas Turbine Inlet Temperature of 2400°F

for Configuration 1

Fraction of Flue Station Efficiency         NOX

Gas Recirculated          (%)             (lbm/106 Btu
)

0.00 44.93 2.36

0.10 44.07 1.94

0.20 43.23                1.51

0.30 42.43 1.06

0.40 41.66 0.54

margin.  It may be recalled from Section 5.5 that with
 a turbine inlet tem-

perature of 2000°F, Configuration 1 required 53 perce
nt flue gas recirculation

reducing the amount of NOx to 0.52 1 bm/106 Btu.

From Table 5.7-8 it is easily seen that increasing the
 gas turbine

inlet temperature to 2400°F from 2000°F would result 
in a substantial improve-

ment in overall performance.  A 400°F increase in this
 parameter causes the

station efficiency to increase almost exactly 5 perce
ntage points.  Further-

more, Table 5.7-8 shows the price that must be paid t
o meet the current

pollution criteria with respect to NOx emissions.  Mee
ting the criterion

on NOx by using flue gas recirculation results in lowe
ring the station

efficiency by more than 3 percentage points.

5.8  Discussion of Assumptions

In this section, some of the assumptions that have bee
n explicitly

made or implied are now discussed in light of the resu
lts which have been
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obtained.  There are two basic kinds of results which have been presented:

one type is relative and the other absolute.  When each configuration was

compared with the others, the results which were used in this.comparison
were all relative.  Because consistent assumptions were always made among
the four configurations, this comparison was not only valid but also quite
instructive.  Obviously, these kinds of relative results cannot be that
sensitive to the assuMptions that have been made.  Each configuration was

modeled in parallel to ensure this,consistency thfoughout.  The second

kind of result is necessarily more,sensitive to the assumptions.  If we
were to build the type of plant which has been referred to as Configuration
1, how close could we expect to come to the calculated station. efficiency
of 36.67 percent or a heat rate of 9307 Btu/kwhr?  It is believed that the

. calculated results are a best ·estimate of the results which would be
obtained from an actual plant.

5.8.1  Dulong Approximation

Several sources 18,26   give the accuracy  of the Dulong approximation
to be. within 2 to 3 percent.  That is to say, the heating value of the
coal based on measurements from a bomb calorimeter agree to within 2 or
3 percent of that obtained from application of the Dulong approximation.
While this error may seem to. be substantial, it.·is well within usual
engineering accuracy. Furthermore, to determine the actual enthalpy  for
for a wide variety of coals and conditions would be an impossible task.
The Dulong approximation provides a practical means of obtaining the

heating value and enthalpy of the coal for analytical purposes.
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5.8.2  Chemical Equilibrium

It is generally agreed that thermodynamic equilibrium would exist i,n

the gasifier for temperatures above 1700°F28.  Since the optimum value of

gasification temperature is well above this for each configuration, the

assumption of thermodynamic equilibrium appears to be justified.  This is;

indeed fortuitous since the kinetics for reactions involving coal are    ,

extremely unpredictable and are highly dependent on coal type29.  Also, as

pointed out in Section 2.4, a high gasification temperature is advantageous

from the standpoint of not producing problemsome tars, phenols, mercaptans,

and so forth.

As mentioned in Chapter 3, the equilibrium composition of the product

gas leaving the combustor is also calculated.  Again equilibrium is assumed

at the existing flame temperature.  With the exception of the computation

of frozen NO for pollution purposes, the composition of the fuel gas is

assumed to be frozen at the gasifier exit conditions and compositioh of

the products of combustion is assumed to be frozen at the combustor exit

conditions.  Although an equilibrium compositi6n could have beeh calculate
d

at each cycle point, this was not deemed practical for two reasons.  First,

many reactions slow down considerably as temperature is reduced and it is

unlikely that equilibrium is achieved for reasonable time periods.  Second,

much more computational time would be required.  Since it is believed

that this would have a very small effect on results, this refinement is

not justified.
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5.8.3  Feasibility of an Endothermic Gasifier

There are many possible ways. to deliver heat to the gasifier. Among

these are gases, pebbles, molten salts, and slag.  For each of these, heat

coul d be removed  from  a high temperature heat source, presumably  the  com-

bustor, and transferred to the gasifier by one of these heat transfer media.

The high-temperature gas-cooled reactor provides an immediate example of

how a gas may be used.  The Mayland Pebble-Bed Gasifier29 uses pebbles to

effect the necessary heat transfer. Molten salts are used in the Kellogg
gasification processes29.  Finally, the Rummel Double-Shaft Gasifier29

utilizes the coal slag to provide the necessary heat transfer.  As noted

in Section 2.4, Texaco is reporting progress on material problems associated

with. coal slag. Although the reason for heat transfer to the gasification

process in each of these cases may be different, the basic ideas should be

applicable to Configurations 3 and 4.

5.8.4  Limits on NOx and 502 Effluents

It  appears that the appropriate limits on NOx and S02 emissions will

be changed in the very near future: probably from 0.7 1 bm/106 Btu to

0.6 1 bm/106 Btu for NOx and from 1.2 1 bm/106 Btu to 99 percent removal

for S02·  From the results presented in this chapter, the projected limit

on NOx is already met.  The more stringent limit on S02 will cause only

a slight decrease in station efficiency, but the capital cost of the sulfur

removal system will more than doublel.  Also, new combustor designs are now

emerging which are effective in reducing the NOx emissions; if flue gas

recirculation could be eliminated on the waste heat configurations, the

station efficiency could be significantly improved.
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CHAPTER 6

CONCLUSIONS AND RECOMMENDATIONS FOR FURTHER STUDY

Several conclusions may be drawn from the results presented in the

previous chapter.  First and foremost is the result of the optimization

with respect to both components and operating conditions with consideration

of the emission criterion on nitric oxides.  As summarized in Table 5.6-2,

Configuration 1 results in the best station efficiency but only by a mar-

ginal amount.  In fact, the difference between the highest and lowest

station efficiencies ig less than 1 percentage point.  If the nitric oxide

problem that exists on the configurations which utilize waste heat boilers

could be solved without the use of flue gas recirculation, then these

configurations could have higher station efficiencies by as much as five

percentage points over those incorporating supercharged boilers.  All of

these comments depend, of course, on the validity of the 2400°F freeze

temperature for the NO producing reaction.

While Configuration 1 is marginally the best performer, it does

require the most equipment.  Further complicating the trade-offs which

must be made concerning the search for the best configuration is the

relatively small consumable water requirement for Configuration 1.  In

general, the configurations employing endothermic gasifiers require about

twice as much total water as those incorporating adiabatic gasifiers.

Finally, the waste heat configurations reject a much smaller amount of

heat from the steam cycle compared to that of the supercharged boiler

configurations.  This could result in substantial capital cost savings

if cooling towers could be eliminated on the waste heat configurations.
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It- is instructive to compare these results with the station efficiency

of a conventional coal-fired plant with stack gas scrubbers. Osterle,

Impink, et al.17 calculate the station efficiency of a coal-fired plant

under assumptions very similar to those made in this work to be 37.5 per-

cent, without consideration  of the penalty from the stack gas scrubbers.

Rubin30 presents data which shows that about 2 1/2 percentage points should

be subtracted from the above station efficiency to include the energy

requirements of the scrubbers.  Therefore, the station efficiency of 36.67

percent for Configuration 1 is slightly better than that of 35.0 percent

for a conventional coal-fired plant. Configuration 1 appears to be signif-

icantly better than a nuclear plant, the station efficiency of which is

usually given as 33 percent.  In terms of heat rates, these station effi-

ciencies correspond to 9307, 9750, and 10,300 But/kwhr for Configuration 1,

the coal-fired plant, and the nuclear plant respectively.

As already mentioned, it appears that better performance can be

expected when the amount of work produced by the gas cycle is a high frac6

tion of the total work.  This is a characteristic of the configurations

employing a waste heat boiler.  Unfortunately, these same configurations

are uhacceptable with respect to nitric oxide emissions.  When flue gas

recirculation is used as a means to reduce the amount of this effluent,

the station efficiency decreases substantially to very nearly the values

of station efficiency for the suoercharged boiler configurations.

Regenerative feedwater heating in the steam cycle portion of a

combined cycle results in a deterioration of plant performance.  While
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the steam cycle efficiency improves, the station efficiency does not.  As

seen in Section 5.3, the decrease in heat rejection from the steam cycle

through the condenser is smaller than the increase in the gas cycle heat

loss through the stack.  Feedwater heating raises the finaT feedwater tem-

perature.  A higher stack gas temperature, of course, results in a higher

sensible heat loss through the stack.  It should be noted that this con-

clusion is a result of the concept of a combined cycle and does. not apply

to a conventional fossil-fueled power plant.  In the latter, feedwater

heating does improve the plant performance significantly.  Several reasons

have been identified, however, which make some feedwater heating desirable.

In a combined cycle only a minimum number of feedwater heaters should be

used.

For the configurations employing an adiabatic gasifier it appears that

some kind of heat recovery system is necessary beyond that of the steam

generator.  A gas-to-gas counterflow heat exchanger between the gas streams

to and from the cleanup process is seen to improve station efficiency more

than 3 percentage points   i f the device  is 80 percent effecti ve. Increasing
the temperature of the steam to the gasifier in the endothermic configura-

tions allows the elimination of this regenerator.  In these configurations

the steam generator is capable of reducing the gas temperature to the

proper level required by the cleanup process.  It should also be noted

for the adiabatic configurations that the regenerator near the gas cleanup

system is much more important than the one between the air and gas streams

to and from the gasifier respectively.  .In fact, with the former in service

at an effectiveness of 0.80, the latter may be removed completely with

the station efficiency decreasing less than 1/2 pencentage point.
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With the exception of Configuration 3, the effective gasification

temperature may be chosen to be higher than that which results in the

optimum station efficiency.  The advantages of this are faster reaction

rates, a lower steam requi rement, and conditions which   are more conducive

to attaining chemical equilibrium.  Since the heat source for the endo-

thermic gasification required by Configuraion 3 is at 2000°F, the

effective gasification temperature must necessarily be below this.  The

effect of gas cycle pressure on station efficiency is much larger than

that of the effective gasification temperature.  Although the temperature

of the steam to the gasifier hardly affects the plant performance, proper

specification of this parameter for the endothermic configurations does

result in the saving of expensive equipment, namely a regenerator.

In all cases, the use of intercooled air compressors does not appear

to be justified.  The station efficiencies either dropped slightly or

remained the same when this modification was made to each configuration.

Fortunately, each configuration is fairly insensitive to different

types of coal.  When three other types of coal were used in the analysis,

the station efficiency hardly changed.  Although this study was shown

for Configurationl only, similar results are obtained for the other

configurations.  Boiler pinch point temperature differences, too, are

unimportant.  Halving the 40°F minimum pinch point temperature difference

results in a relatively small improvement in station efficiency with the

largest increase of slightly more than 1/2 percentage point occurring

on Configuration 1.
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The inefficiencies associated with the cycle components, particularly

the turbines and compressors, play a major role in reducing plant performance.

For the hypothetical case of ideal components, the station efficiency would

increase more than 6 percentage points.  The pressure drops. apparently play

a much smaller role in determining station efficiency.

Finally, it was seen that the real success of the combined cycle

concept integrated with a coal gasifier depends on the attainment of the

2400°F gas turbine inlet temperature.  It was shown for Configuration 1

that an increase of almost exactly 5 percentage points would result, after

consideration of the pollution criteria.  The use of flue gas recirculation

to control the production of NO on the waste heat configurations results

in decreasing the station efficiency ab6ut 3 percentage points.

One obvious extensioh to the above work is the task of sizing the

equipment necessary to obtain a specified electrical power output, say

500 MWe. The results of this could be used for two further studies: an

economic study where the trade-offs could be assessed quantitatively

between reduced station efficiency on one hand and reduced capital, oper-

ating, and maintenance costs on the other; and a transient study where

the controls for the best configuration with respect to both performance

and economics could be developed.  The question of load follow capability

could be addressed more appropriately during the course of the design

of the control systems.  The economic and technical feasibility of gas

storage for later use either as a fuel for a combined cycle or as a

chemical feedstock for some other process could also be determined.
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ABSTRACT

A criteria for determining the most energy efficient horsepower

break-point for using electric motors or steam turbines is developed and

applied to the prime movers in the Ralph M. Parsons Co. Oil/Gas Complex.

No significant amount of energy can be saved, since the electric motor

turbine br-ea-k-point established by Ralph M. Parsons Co. coincides with

the criteria developed in this study.
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INTRODUCTION

In accordance with the commercial concept design of
 the Oil/Gas

complex as described in Reference 1,524,000  HP of s
haft work is pro-

vided by prime movers.  These prime movers are eith
er turbines or

motors.  The turbines utilize steam directly.  The m
otors are supplied

with electricity from a turbine-dirven generator.  
Reference 2 indicates

that the drivers correspond to the following HP rang
es:

Range Driver

0 - 10,000 HP Motor

10,000 - 15,000 Variable

> 15,000 Turbine

This report will determine whether energy can be sa
ved by replacing a

motor with a turbine or vice-versa.

METHOD OF APPROACH

The first task was to determine the efficiency of th
e two 110.0 MW

turbine drivers used in the power generation unit of Reference 1.   The

efficiency of either of these multi-stage extraction
 turbines is 86%

(Appendix A).

Reference 3 indicates a 110.0 MW generator efficien
cy of 97%.

The motor efficiencies (References 4 and 5) range f
rom 80% @ 1 HP

to 9624% @ 10,000 HP.

The overall·system efficiency is desribed by the fol
lowing equation:

n system = n turbine  x n generator  x n motor
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where the turbine and generator efficiencies are fixed for the 110 mw

turbine-generator sets, and the motor efficiency varies with HP (see Ap-

pendix B for sample calculation).  The curve constructed from this equation

is seen in Figure 1.  Also present are the efficiency curves of multi-

stage condensing· turbines and single stage turbines.

Figure 2 allows for accurate resolution.of the "Average Efficiency of

Multi-Stage .Condensing Turbine" curves of Figure 1.  .It i.s imperative to note
'

the high sensitivity of the turbine efficiency curves to the superheat and

vacuum correction factors.

To demonstrate the sensitivity of the turbine efficiency to these

correction factors, consider a 10,000 HP turbine utilizing 900 psi steam.

From Figure 1., the average efficiency is 76%.  If the incoming steam is

superheated by 300°F, however, and exits to a 26 in. Hg. vacuum, the

"corrected" efficiency is 79.4%.  (1.035 x 1.01 x 76% = 79.4%).

Although the turbine-generator-motor curve of Figure 1 is slightly

above the average multi-stage condensing turbines, it is by an insignificant

amount when the effect of correction factors and the precision of information

concerning the various efficiencies is properly evaluated.

CONCLUSION

Figure 1 indicates that below 10,000 Hp, an electric motor driver is

the more efficient choice, between 10,000 Hp and 15,000 Hp depending on

superheat temperature and condenser vacuum, either motor or turbine driver

could be used, and for drivers above 15,000 Hp, turbines would be more ef-

ficient.  With respect to Reference 2, no significant amount of energy can

be saved by replacing a 'motor with a turbine, or a turbine with a motor.
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APPENDIX A

It is of interest to find the external turbine efficiency of the

induction turbine operating under the constraints shown:

952,850  Lbm/hr
1215 PSIA  950°F

144,551 HP
1

62,860 Lbm/hr
- -515 PSIA  768aF               v

4
105.317  1 bm/hr
315 PSIA  619°F

1

120,118  1 bm/hr
165 PSIA  492°F

.

664 555  1 bm/hr
2.54 Hg  108.7°F

To do so, the inlet and exit states are examined:
8tu

Sl @ 1215 PSIA 9509 F; Sl = State at point 1; hl = 1469.7 1-bm
Btu Btu

52 @  615 PSIA 768°F; h =      1377   1-62;       a h =     92.7  1-62
1. 2s 1.25Btu Btu

53 @  315 PSIA 619°F: h =   1297 FErne a h =   172.7   Tbm
1 3s Btu'   1

35
Btu

54 @  165 PSIA 492°F· h =       12341-Em;        a h =  235.7  1-bm
'  1 45

Btu 1 4s Btu·

55 @  2.5" Hg  108.7°F: h = · 907 1-bm:  8 h =   562.7  Tbm
' 1 55 1 55

where h refers to the enthalpy at the specified inlet state and 1 hnS refers

to the isentropic enthalpy drop from that state to the outlet conditions

found from Mollier diagrams.

6,7
A standard method for calculating the efficiency was employed.  First,

the Rankine cycle steam rate (RCSR), described by:

1 bm 2544 Btu/HP-hr
RCSR (HP-hr) (hl - lh2 ) Btu/lbm

was found by using a "weighted average" of the available energy described

by the isentropic enthalpy drop.  This result in: 1 bm

2544 Btu/HP-hr =  5.689  NF-h

RCSR .= 0.066 (92.7) + 0.111 (172.7) + 0.126 (235.7) + 0.697 (562.7)
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This is compared to the actual steam rate (ASR) of:
1,905,700 1 bm/hr 1 bm

ASR =
( 209.2  MW   )   (          HP                  )          = 6.592 HP-Ihr

( ..97 ) ( 0.000746 MW )

. This means the external efficiency is:

RCSR     =        5.689     .  x      100%     =      8 6.3%
ASR 6.592

1"
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APPENDIX B

The overall system efficiency is described by the following equation:

n system n turbine  x  n generator x  n motor

Thus, the system efficiency at 10,000 HP, for example, was found to be:

n system  =  0.863  x  0.97  x 0.964 0.807
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DISCUSSION OF TABLE 1

The reports in this study use a common basis for fuel and

utility costs presented in Table 1.  The costs for electricity, natural

gas, distillate fuel oil, residual fuel oil, LPG, and coal have been

excerpted from the FEA energy price projectionsl, and are for FEA region

V, which encompasses the design location of the Oil/Gas Complex designed

by Ralph M. Parsons Co.  The costs for cooling water  and steam are

averaged figures quoted in reference 2.  The distillate fuels in Table

1 comprise light and middle fuel oil derivatives such as kerosene, and

deisel fuel, and include No's 1,2,3,4, fuel oil. The residual fuels are

Nols 5,6, Bunker,C  and all other petroleum fuels which  have a fifty  per-·
cent boiling point over 700°F.  All costs are in 1977 dollars.
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TABLE 1

ENERGY COSTS IN 1977 DOLLARS

Fuel 1978 1981 1984 1987 1990

Electricity .0245 .0271 .03 .0327 .0353

$ / kwhr

Natural Gas 1.45 1.77 2.19 2.60 3.01

$/MMBtu

Distillate Fuel 2.94 3.12 3.27 3.42 3.57

Oil, $/MMBtu

Residual Fuel 2.73 2.94 2.96 3.07 3.23

Oil, $/MMBtu

LPG, $/MMBtu 2.96 3.36 3.55 3.70 3.84

Coal, $/MMBtu 1.30 1.54 1.57 1.61 1.64

Steam, $/1000 1b

High Pressure 3.60

Superheated

Medium Pressure 3.10
Saturated

Low Pressure 2.50
Saturated

Cooling Water,
4/1000 gal. 4.0
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ABSTRACT

This study performs a second law analysis on the Fischer-

Tropsch complex proposed by the Ralph M. Parsons Company.  The second

law efficiency of each process unit making up the complex was computed

in order to determine areas where process improvements could be made.

The complex as a whole has a first law efficiency of 70%

and a second law efficiency of 68.7%.  Two areas where efficiencies

could be improved are:  unit .1,4, acid gas removal with a second law

efficiency of 80.2%, and unit 21, sulfur recovery, which has a second

law efficiency of 66.4%.  Other areas had efficiencies greater than

87% which indicates energy recovery and conservation techniques had

been implemented in the design of the complex.
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INTRODUCTION

Purpose

This report performs a second law analysis on the Fischer-

Tropsch Complex of the Ralph M. Parson Company.  A second law analysis,

based on the concept of availability, is used to pinpoint and evaluate

the dissipations in the F-T complex,and also to determine the efficiency of

the complex.  The analysis is performed on the entire complex to deter-

mine an over-all efficiency, and also on the individual process units  to

reveal areas for improvement.  A second law analysis is used instead of

a first law (energy) analysis because the results are measured with

availability or useful energy and thus are the true efficiencies.

Second Law Analysis

Second Law Analysis is based on the concept of availability

sometimes referred to as useful energy, potential energy, exergy and

other names.  This concept can seem abstract and difficult to understand

but availability can be considered as the measure of a material to cause a

desired change.  Therefore, any material which is not in equilibrium with

its surroundings has the potential of doing useful work as it approaches
1.12

equilibrium with its surroundings, and this  is the definition of availability.

Description of Fischer-Tropsch Complex

The Ralph M. Parsons Fischer-Tropsch Complex is a coal conversion

facility designed to use high-sulfur coal and convert it to SNG (substi-

tute natural gas), LPGs (liquified petroleum gases), light and heavy

naphthas, diesel fuel, fuel oil, oxygenates (primarily alcohols), and
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electrical power for in-plant use and export.  Using the Fischer-

Tropsch process, the coal is gasified, the gases purified, and reacted

to produce the above products.  The industrial complex consists of a

large mine that produces 40,000 tons per day· (TPD) of run-of-mine coal

which is supplied to a coal preparation plant, which in turn supplies-

30,000 TPD of clean, sized coal with a heating value of 12,550 Btu/lb

to the Fischer-Tropsch plant. All electricity and steam required for

the Fischer-Tropsch complex are generated within the plant;.therefore,

the input to the plant is coal, air, and water. The overall material

balance is shown on Figure 1 and the energy balance is shown on Figure 2.

The estimated fixed capital investment is $1.5 billion based on fourth

quarter 1975 dollars.
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VENT GASES 128,655 TPD
3'

30.000 TPD PRODUCTS 13,600 TPD
COAL                   D

SNG 6,590 TPD

Butanes 340 TPD
Naphthas 2,380 TPD
Oxygenates 455 TPD

PROCESS Diesel Fuel 2,105 TPD
Premium

105,890 TPD Fuel Oil 715 TPO
AIR                                                                                            ----Sulfur 1,015 TPD---

UNITS
1,3

8,925 TPD
WATER  .

INTERNAL CONSUMPTION 210 TPD
P

Acids to
Inplant Disposal 45 TPD
Miscellaneous 165 TPD

SLAG                                       2.350 TPD

TOTAL 144,815 TPD 144,815 TPD

FIGURE 1

Overall Material Balance

Reproduced from R&D Report No. 114 -

Interim Report No. 3 by the

Ralph M. Parsons Company.
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1014 TPO   SULFUR8.09 MMMBTU/0. HHV

6688 TPO

33ID SNGI. 167.78 MMM BTU/0. HHV

 

·                                                                             BILLION

ENERGY DISTRIBUTION BTU/0               %

5997 TPO HHV

31 LIQUID FUELS
237.56 IMM BTU/0.HHV

ENERGY SOURCE 752.99 100.00

<    HEAT FOR
COAL DRYING                                                                                       ·

COAL
300 MM BTU/HA

MINE AND
POWER GENERATION 11.43 MMM ST,/0        -33>   POWER FOR SALE

442.8 MW 421.3 "
D

139.6 MW

PREPARATION PROCESSPLANT ENERGY CONSUMEOIN

COAL 30.000 TPO STEAM 1ZOOPSIG,950'F                                                                                        11.SMW
MFG

                                                                                                                                                                                                                                                                                                                          MINING752.99 BILLION BTU/0. HHV 8790 M LE/HA
* -, d ANOPREPARATION 17.32 2.30

2162 M LB/HA                                                                           I OXYGEN 56.48                    7.50

261.7 MW PROCESS 154.05 20.46
STEAM 500 PSIG

- '

a      479 M LB/HR
TOTAL 227.83 30.26

50.5 MW 204.8 MW TRANSMISSION ANO
STEAM 115 PSIG V 17.1 MW

  DISTRIBUTION LOSSES ENERGY VALUE
48] M LO/HR [COMPLEX LIMITS) OFPROOUCT

SNG 267.78 35.55

STEAM 50 PSIG                                         ' v LIOU10 FUELS 237.56 31.55
264.6 MW

1785MLB/HR POWER FOR SALE 11.4] 1.52

SULFUR 8.09 1.01

- -
POWER

TOTAL 524.86 69.10
1 255.7 Mly                                                                                                       

               4

0.4 MW 2641 M LB/HR                                                1

I.

STEAM 1.96BM LB/HR i. 89 e"
OXYGEN PLANT 4

-

GENERAL FACILITIES        4

FIGURE 2

Energy Balance

Reproduced from R&D Report No. 114 - Interim Report No. 3

by the Ralph M. Parsons Company.
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Procedure for Calculating Second Law Efficiencies

A second law analysis of the Parsons Fischer-Tropsch Complex

was performed by first considering the entire plant, its inputs and

outputs and then considering each separate process unit in order to

pinpoint the process units which were the most energy inefficient.

1

The basis of the second law analysis is the concept of available
<1

energy or availability.  Availabilities were calculated using equation (1)

°                                         T ..   Hv(1)  A=m [((Cp (T-To)) +H c t Hv) -T o ((Cp in (70)) +T o
RTo

L                                        - & In ( 0) + S'comb) -M--En Xol
A  = availability, Btu/HR

11

Qi  = mass flow of the stream, 1 bm/HR
Cp = constant pressure specific heat of the stream, Btu/lb -OR                         1

T  = temperature of the stream °R

To = dead state temperature =.537°F = 77°F

Hc =  heat of combustion  of the stream, Btu/lbm
HV = heat of vaporization of the stream, Btu/lbm

ft-lbfR  = universal gas constant 1545
1 b -°R
m

M  = molecular weight

P  = pressure of the stream, psia

Po = dead state pressure 14.7 psia 5-·* ,

S°comb = entropy of combustion, Btu/lb -OR

Xo = mole fraction of substance in stream that occurs in nature.

Once the availabilities of all the inlet and outlet streams

b                                                                             '           were determined, the second law efficiency was found as shown in

equation 2:
{,

A

I  r
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EAo (9)
(2)  E   =

2L   ERT-
-3'

C                  E2L = second law eff
iciency

(

Ao  = availability out of unit
1

Ai  = availability into unit

                        The availability loss through the unit is expressed as the sum of

the availabilities in minus the sum of the availabilities out; this loss, then,

is a measure of the inreversibility of the process.
(7)

Q                       Using the relationships presented above, the second law efficiencies

i and the availability losses through the entire complex and each separate

process unit were found and are shown on Tables 1 and 2 along with

0            availabilities in and out.

Some examples of availability calculations follow.

The availability of coal was not determined using equation (1)

but was determined from an equation presented in reference 12:

acoal = hccoal x acarbon
hc

carbon

Btu
acoal

=
availability of coal 1-5;

hc     = heat of combustion of coal, Btu/lbcoal

a              =  availability of carbon,  Btu/1 bcarbon

hc       = heat of combustion of carbon, 14,067 Btu/lb.carbon

Therefore,

'coal = 12.550 %!l x liI: 

or,

acoal
= 13,168 Btu/lb

The availability of steam was calculated using a simplified

version of equation (1):
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a      = ((h -h ))- To (S  -S    ))steam t,p to,po t,p  to,po

Using the steam tables for steam at 510 psia and 670°F:

Btu
a      = ((1340-49.5) - 537(1.592-.093)) -steam                                  lbm

Btua        485 5-- steam
.  1 bm

Where,

ht'  = enthalpy of steam at pressure P and temperature T

h      = enthalpy of steam at pressure Po and temperature To
to,po

S    = entropy of steam at pressure P and temperature T
t,P

S      = entropy of steam at pressure Po and temperature To
to,po

An availability using equation 1 is shown here for an oxygen -

nitrogen stream:

Oxygen Nitrogen

24,947 mph 509 mph mph = moles per hour

449,046 lb/hr 14252 lb/hr       m
Btu Btu

.245 ---
.258  -                 Cplb°R              lb"R

650° 650°            T

485 psia 485 psia        P

.2035 .7567            Xo

.1110, 
.1545 ,485

AN2  =  14,252 [((.258 (650-77))  -  537   (.258   In (-537)     -   (778-(28.01)In C.14.-7   
-  1545 (537)  In(.7567)))]778 (28.01)

6 Btu
A       =   2.72  x   10    - hrN2
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' .

1110 1545
In   (485·  )   )A  = 449046 [((.245 (650-77)) - 537 (.(.245· In(-1) - (-02                                             537

'

778 (32)     14.7 '

-  1545 (537)  In(.2035)))]778 (32)
6

A   = 96.3 x 10 Btu/hr
02

6 Btu 6 BtuA  =A +A =  2.7 2  x   1 0    -  +  9 6.3  x   1 0     -
02N2    02    N2               hr                hr

6 BtuA     = 99 x 10  -
02N2             hr

Availabilities for flows in and out of various process units

are shown in Figure 3.

)

TABLE I

Overall Availabilities of the Fischer-Tropsch Complex
Inlet and Outlet Streams

- In let Streams

Stream Name A, Availability, Btu/day m, Flow Rate, TPD

1.  Coal Feed 790.09 x 109 30.000

2.  Water                      0                          105,890

3.  Air                        0                            8,925

Total 790.09 x 109 144,815

Outlet Streams

Btu   .
Stream Name A, Availability, day m, Flow Rate. TPD

9
1. SNG 289.51 x 10 6.590

2.  Oxygenates (Alcohols) 11.71 x 109 455

3.  Diesel Fuel 83.83 x 109 2.105

4. Sulfur 9.13 x 109 1.015
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FIGURE 3
AVAILABLE ENERGY FLOW DIAGRAM OF FISCHER-TROPSCH COMPLEX
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Outlet Streams (cont)   '

Btu  1.Stream Name A, Availability, da.y m, Flow Rate,.TPD

5. Naphthas 94.93 x 10              1          2,380
9

6.  Fuel Oil 27.87 x 109              ·           :715

7.  LPG (Butanes) 14.24 x 10 340
9

8. Electricity 11.43 x 109

TOTAL 542.64 x 109 13,600

Outlet Availability   542.64 x 109
e = second law efficiency = 9 = 68.7%

Inlet Availability 790.09 x 10

Net Availability Loss = A -A       =
inlet outlet

790.09 x 10  - 542.64 x 109 = 247.45 x 10  Btu/day

TABLE 2

Availabilities of Inlet and Outlet Streams, Net Availability
Loss, and the Second Law Efficiency of Each Process Unit

Inlet Availability, Outlet Availability, J2nd Law Effic-

Unit # Ai, Btu/hr
A , Btu/hr Ai.- Ao  ency E, Ao/Ai

12      61.64 x 109 56.73 x 109 4.91 x 109 .920

13      70.83 x 10 68.58 x 109 2.25 x 109 .968
9

14      29.74 x 109 23.86 x 109 5.88 x 109 .802

9
16      23.50 x 109 20.54 x 109 2.96 x 10 .874

17      13.57 x 109 11.97 x 109 1.60 x 109 .882

18      18.74 x 109 29.50 x 109

7
19      26.96 x 10 25.61 x 107 1.35 x 107 .950

21      88.45 x 107 58.73 x 107 29.72 x 107 .664

22      44.37 x 107
7

2.01 x 10 42.36 x 107 .045

26       3.64 x 10 1.96 x 10 1.68 x 109 .538
9                          9
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Conclusions:

The Fischer-Tropsch Complex with a first law or energy

efficiency of 70% for the overall has a second law of 68.7%.  Individual

process unit second law efficiencies are listed in Table 2.  From this

table, Units 12 and 13 have the highest efficiencies, 92% and 96.8%

respectively; therefore, there is little improvement to be made in these

units.  The power generation system, Unit 26, has a second law efficiency

of 53.7%; however, this unit consists only of a turbine and generator

and uses steam generated in Units 16 and 17.  The second law analysis

also pinpointed process units with low second law efficiencies thus

revealing areas for possible improvement.  Unit 14, Acid Gas Removal,

which uses a Selexol solution process, has a second law efficiency of

80.2%.  Perhaps the present Selexol Acid Gas Removal System can be replaced

by a DEA system to become more efficient.  A study such as Section IX,

Alternate Acid Gas Removals System Study, of this report can be performed

on the Acid Gas Removal Unit of the Fischer-Tropsch Complex.  Sulfur

Recovery, Unit 21, with a second law efficiency of 66. 4%, is another area

where possibleimprovements should be analyzed to achiever higher efficiencies.

Unit 22, Water Reclamation, has an extremely low second law efficiency

of 4.5% which seems to suggest an area for large improvements.  This is

misleading due to the fact that most of the outlet streams consist of

water at ambient temperatures and pressures resulting in a low outlet

availability.
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As demonstrated in this study, a second law analysis is a

very useful method bM which to evaluate industrial plants and processes

in order to pinpoint areas for improvement.  The methodology used on

the Fischer-Tropsch· Complex  can  be  appl ied to other industrial plantd

and processes.
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