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EXECUTIVE SUMMARY
INTRODUCTION

The pUrpoéé of thfé study is td apply.the methodo1ogies developed

inlthe Energy Conservation ih Coal Conversion August, 1977'Progres§ Re-

port - Contracp No. EY775024196 - to an energy efficient, near-term coal
conversion -process design, and to develop additional, general techniques
for studying energy conservation and uti1fzation in coal conversion
processes.

The process selected for study was the Ralph M. Parsons Company
of Pasadena, California "0il/Gas Comp]ex,'Conceptua] Design/Economic
Analysis" as described iﬁ R & D Report No; 114 - Infer1m Report No. 4,
published March, 1977, ERDA Contract No. E(49-18)-1975. This process
was chosen because: o | |

| 1) A primary design.objective was energy efficiency,
which resulted in a plant thermal efficiency of 77%.

2) We had access to most of the needed data.

3) This design is included {n the Department of Ehéréy's
coal synthetic fuels demonstration plant acceleratéd
program. | | |

Ihsbite'Of the:high'overall thermal efficiency of this design,
our studiés reveal areas where significant amounts of energy may be

conserved or utilized in a more cost effective manner.



I - Coal Conversion Process Selection

A number of processes were examined as candidates for this

» stddy. The Ré]ph M. Parsons 0i1/Gas Complex was chosen because:

1) A primary emphasis was placed on maximi;ing
the energy efficiency of the process.

2) - This design is included in the Coal Synthetic
Fuels Demonstration Plant Accelerated Program.

3) We had access to the design data.

Il - Method for Comput1ng the Opt1mum Economic Pipe Diameter for
Newtonian Fluids

A closed form relation is presented for calculating the diameter
of a pipe 1ine which yields'the minimum Tife-cycle cost for a wide range

_of parameters.and operating conditions.

¥

A central consideration in the derivation of the relation is
that the optimum diameter should reflect the energy costs for errcoming
friction losses. ‘

Diameters from the method presented here are compared with a
relation developed by DuPont Co. The mean absolute percént différence
between the two methods is less than 19% w1th the method out11ned here

yie]ding larger diameters than the DuPont re]at1on

IIl - Energy Conservation Potential in Heat Recovery Technique§ - A Case
Study

In this study, we Tooked at replacing certain heat exchangers

With Organic Rankine Cycles. In each case, we determined the cost of



generating power:and then from this tabulatipn‘of capital investment
for powerVgenération,,feasibility of replacément on a.unit-by-unit
basis was determined.

. The resu1t$ show that 18 heat exchangers reject sufficient
heat to warrant ORC usage, with potential electric generation of 36 MW
which is 17% of the 210 MW generated in the 0i1/Gas Complex.

| ACost'estimates indicateﬁthe,capita] investment required to
be approximately $1000/KW with a potential reduction'to $300/ KW for mass

produced units.

IV - Alternate De-Ethanizer Refrigeration System to Conserve Energy -.
A Case Study ' . ‘ '

This study examines an a]ternate'system to cool an ethane .gas
stream from the fractionator in Unit 18 of Parsons Qii/Gas Comp]éx.. This

5 Btu/hr of energy or .25 short TPD of coal

alternate will save 2.6 x 10
‘OUt of 36,000 TPD dsed in fhe 6?1/Gas Complex, at an installed cost of
$151,006 with an operatibn and maintenance cost of $7550/yf. Assuming
a'20-yéar life, 9% interést rate on borrpwed'capiial, and an_e1ectricity'
cost of $.025/KW-hr, the Life Cycle Cost (LCC) of the new system is |
$179,000 over a 20-year period. Using a Discounted Cash Flow Analysis the

Return on Investment is Q%.

b

V - Feasibility Study of A Combined Combustion - Gasification Facility

This work examined the feasibility of mechanical deep cleaning
of coal whe?é'the'c1eaned coal would be ﬁsed for direct coﬁbusthn and

the rejected poﬁtion.wod1d be used in a coal gasification plant. To



make this feasible, the reduced fherma1 efficiency ffém gésifying "dirty"
coal" must'be'offset by the reduced enefgy requirement for the flue gas '
desulfurization system.
Our study indicated, for the coal being considered for the

Parsons 0iT/Gas Complex - I11inois No. 6 - the energy saved by reduced
flue ga§ desulfurization was approximéte]y eqdal to the energy lost frbm‘
gasifying the dirty coal.’ The methddology for this study is pkeéented in
such a way that other coals - partfcu]an]y a high pyritic sulfur content -

could be studied.

VI - High Pressure Steam Generation from Heat Recévery Boilers

This sgction deve}op;‘a methodology for calculating and evalu-
atiqg the ipcreéseq work po;entia] possible from high pressure steam o
generation in waste heat boilers, This methodology is app]ied to the j_:,_
Ra]phuM..Parsons' commercial concept of the Qil/GaS Complex. Impjementa;ioﬁ
of the proposed scheme would result jﬁ an export power.increasg‘of 7.7 MW
which is a 4% ingrease Qf thg 210 MW generateq.in the complex at a cost of

$2110/KW.

VI - Combined Cycle In-Plant Electrical Power' Generation. -

| A combined ‘cycle power generation scheme for the 0i1/Gastomp1ex
was studied ‘as an alternate to the steam turbine power :generation system
to §ge.if gngrgy~qan be 'saved in a cgst‘effective way. The}Fombined‘cyc1e
generétes an excess Qf 22.2 MW pfigléctricfty_qr a']O.G% incneaseugf‘the..‘
210 MW generated in the 0i1/Gas Compiex at a cost of $610/KW. If e1ec;r1cfty
is exported at $;025/Kw-hr, a rate of return on the additional capital
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investment of 19% is realized. Using present state-of-the-art equipment,

the combined cycle is a cost effective'way to better utilize energy;

VIII - Direct Coal Fired Steam Generation in Lieu of Low Btu Gas

This seetion examined the feasibility ot rep]acing‘thellom Btu
gas'tired power generating system with a direct coal fired power generating}
system, in which 48, 000 1b/hr of coal would be saved which is 1 6% of the |
total 36 000 TPD used in the 011/Gas Complex. The d1fference in 1nsta11ed
cost between the d1rect coal fired system and the gas f1red power generat1on
system 1s 36.4 million dollars. The rate of return on_the add1t1ona1’
capital cost for the coa] fired system is 8.21%. The life cycle cost is
-4.4 million dollars over a 20-year life with capital borrowed at 9%

interest. ¢

IX - Alternate Acid Gas Removal'Study

To reduce the.reboiIer_steam required, we stud%ed'rep1ac1ng
the MEA (monoethanolamine) system proposéed by the Ralph M; Parsons.Co.‘
with a DEA (dietheno]amine) acid‘gas‘remova1 system. Steam consumption
is, reduced by 16,000 1bm/hr which is 1 % of the total steem generated in
the 0il/Gas Comp]éx:or $317§000vper year. In addition, there is an annual
savings of‘$88,000 for chemicals. The additional capita] costs and‘
operating ékpenses for the DEA system are.negligib]e since the process
plants are equ1va1ent. It is therefore recommended that a DEA system

rep1ace the MEA system as Process Un1t 17 of the 0il/Gas Comp1ex .



X - The Theﬁmddynamic‘Perfofmande of Two Combined Cyc]e‘Power Plants
Integrated with Two Coal Gasification Systems

Sections from a Ph.D.ithesTs present in summary, ‘a thermodynémib
treatment of four infegrated coal gasification and combined powek biahts
with the aim of studying the effects of component optimizdtion; and emis-
sions of NO, and H,S on cycle performance. | |

A combined cycle station efficiency of 36.67% results from the
beét plant configurétion when allowable emmissions are met; and 10% of
the electrical powér genefation is sustracted from the net work out. For

a rankine cycle, the efficiency is 35%, when compared on an equal basis.

XI - Energy Conservation Potent1a1 in Shaft Power Genération and Distribution

A criteria for determining thé most energy efficient horéedeer
break-point for using electric motors or sfeam turbines is developed and
applied to the prime movefs in the Raiph M. Pérsdns Co. 0i1/Gas Complex.
No significant amdqnt.of enefgy can be Saved, since the electric motor
turbine.break—pbfﬁt established by Ralph M. Parsons Co. coincidés with

the critéria developed in thjs-study.

XII - Basis fbr Fuel and Utility Costs .

A

A common basis for fuel and utility costs is used throughout R
the sections in this‘Study. FEA energy pricé projectidnsifor Regioh Voo
(Michigan, Ohio, Indiana, wiscbhsion, Minnesota, Il]inoi§) and averaged '

prices from other sources are used.
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XIII - Using Second Law Analys1s~to“anpoint-Inefficiencies in
Coal Conversion Processes

i

‘ A secoqq 1anana1ysi;fis performed on the Ejscher-Tropsqh
complex dgsig‘ned.byithe Ralph M. Parsons Company, to locateareas of
energy ineffigiency. ‘Thg complex has an qyera]} first law efficiency
of 70% and a second law efficiency of 68.7%. Two areasn the complex '
where efficiencies could be improved are: unit 14, acid gas removal,.
and unit. 21, ;glfur recovery, which have second law efficiencies of
80.2% and 66.4% respective]y. The other process uhits.of the plant had
efficiencies greater tﬁan 87%, indicating energy recovery and conservation.

techniques had.been.imp1¢mented in the design of ;he,comp]ex.:
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OIL/GAS PLANT DESCRIPTION

The Ralph M. Parsons Oi]/Gas éomp]ek fs a coal conversion
facility designed to use high-sUlfur coal’and convert it to ‘SNG (substitute
natural gas), LPGs (1iquified petroleum gases), fuel oil and naphtha
using hydroliquifaction technology. The industrial ‘complex consists of a -
large captive coal mine that produces 47,600 tons pek.day (TPD) of run-
of-mine coal which is supplied to a cpal preparation plant, which in turn
supplies 36,000 TPD of clean, washed coal with a heating value of 12,125
Btu/1b. A]ong:with.the above mentioned product;, the plant produces by-
products of ammonia and sulfur. A1l electricity and steam required for -
the 0i1/Gas Complex ‘are generated within -the plant, therefore, the inbut A
to the plant is coal, oxygen and water. The overall material balance
is shown on Figure 1 and the energy balance is showﬁ on Figure 2. The
estimated fixed capital investment is $1.25 billion; this figure is based

on fourth quarter 1975 dollars.
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COAL (2.7% MOISTURE)
35,670 TPD
OXYGEN 4,500 TPD OIL/GAS
E———————————— PROCESS
UNITS
WATER . 67,760 TPD .

l

SNG 3,940 TPD
. PROPANE LPG 530 TPD
1 BUTANE LPG 410 TPD
: NAPHTH'A, . 1,280 TPD
FUEL ou.‘ 11,310 TPD

‘

SULFUR L 250 TPD

[

' AMMONIA .80 TPD

|

T

SLAG 4,210 TPD

WASTE GAS (COy, etal. ) 22,950 TPD.

WATER LOSSES - 51,950 TPD
e —

TOTAL IN = OUT 97,920 TPD
ALL FIGURES IN SHORT TONS

FIGURE 1

Overall Material Balance

Reproduced from R & D Report No. 114 -
Interim Report No. 4 by The Ra]ph M. Parsons

Company
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SELECTION PROCESS

Our initial studies on energy consérvation in coal conversion
were.performed by investigatiﬁg the commercial concept design of the PETC
Synthane Process. These studies deveToped methodologies that can be used
to conserve energy in other coal conversion processes. The next step was
to select another process where our methods could be applied.

The fo11owing.tab1e is a summary of the processes that we ekamined
and the reasons listed in the remarks column were used to screen the
.systems. Both the Fischer Tropsch and the SRC II were acceptable systems

to study and we arbitrari1y‘chose the SRC IT system for further study.



A\

PROCESS DEVELOPER\ ' - CLASSIFICATION REJECTED: , REMARKS
Lurgi ' o . Lurgi \ "~ Low btu . Yes . Powerton project in I1linois

i ) is oriented towards system
L ' _ . integration, and of prop--
' : rietary nature.

)

Coalcon ' ) Coalcon C&. Multi ' _  Yes Plans for a four phase project -
R to construct a 2,600 TPD plant
| _ ‘ have been cancelled.
i 3 Accelerated Program Candidate
Coalgas e ' ; , ' _ : Yes In initial design stage.
Koppers-Totzek. " Heinrich Kopperé GmbH ' Low btu ’ Yes Proprietary —
. . . X L
Koppers-Totzek He1nr1ch Koppers GmbH High btu - Yes Proprietary *
CO2 Acceptor Consolidated Coa\ Co. . High btu Yes Des1gn deve]oped for comparing

. various process. Energy con-
i ‘ : ‘ servation was not a des1gn

. cr1ter1on.

o i L :

Bi-Gas : Bituminous Coal Res.,Inc. High btu 4 Yes Energy conservat1on not a
des1gn crlterlon.

Hygas Institute of Gas Technology High btu Yes Energy conservat1on not a design

' criterion. Accelerated Program

Candidate. R

Fischer-Tropsch . Fischer Tropsch  Multi - ' Yes Deve]oped with energy conserva-

tion as a design criterion.

Accelerated Program Candidate -
see discussion.” .

TABLE 1



PROCESS DEVELOPER CLASSIFICATION " 'REJECTED o REMARKS

SRC 11 ERDA Multi : No The oil/gas complex is an
- Accelerated Program Candiate.
Developed with energy con- = .-
servation as a design cri-

terion.
Wellman-Galusha Wellman-Galusha High btu | Yes No large-scale pians available.
Air Products & " Air Products & Low btu Yes Initial Hesign stage.
Chemicals Chemicals N :
Wellman Land 0' Lakes
: - Applied Technology Low btu T Yes Pilot plant. o
(8]
Woodhall-Duckham Holly Kennyshot . Low btu ’ Yes Pilot plant.
Wellman-Galusha Mason Hanger " Low btu Yes Pilot plant.
- Stoic 2 stage Foster-Wheeler- Low btu "Yes Pilot b]ant.
' Univ. Minnesota ' :
(Duluth)

TABLE 1
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Processes that weren't immediately rejected because of a lack
of size in‘the~§ca1e of the conceptua]_designs or lack of development
were then followed-up with conversations with the process developer,
sponsor, or engineering subcontractor.

The conversations with various developers led to meetings with
Raymond L. Zahradnik, former Director of the Division of Coal Conversion
and Utilization with ERDA. Following Dr. Zahradnik's suggestion, a
meeting with Neal Cochran, who served as Senior Te;hnicé] Advisor on
several coal conversion conceptual design analyses, followed.

Neal Cochran provided us with documents describing the proposal
for the Coal Synthetic Fuels Demonstration §1ant Accelerated Program.

The primary objective of the”proposed Accelerated Program is to reduce
the time required to achieve readiness of broad spectrum coal conversion
process by increasing the level of government involvement. Developments
and improvements in coal conversion processes have reached the stage
Where commercial-scale demonstratioh facilities must be constructed to
'estab1ish the environmental acéeptabi]ity of those processes that have
the best chance of eventually achieving a competitive cost. Tﬁe proposed
program includes those processes indicated in the table.

The 0i1/Gas Conceptual Design/Economic Analysis utilizes” the
SRC II process. This conceptual design developed by Ralph M; Parsons
Company is for a commercial scale oiT/gas coal conversion compiex. The
Acce1erated Program chose this process as a candidate because it is capab]e
of handling all coal ranks and does not require a reaction catalyst or a
solid-liquid filtration train. Additionally, it is capab1e of accepting

product slate modifications in résponse to changes in the market picture.
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For these reasons, and because an extensive effort has been made to
maximize the thermal efficiency of the complex, plus the  ease of accessi-

bility concerning the design, it has been selected as the process that

we examined in this repoﬁt.

)
gy
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ABSTRACT

A closed form relation is presenied*for calculating the dia-
meter of a pipe line which yields the minimum }ife-cyc1e cost for a wide
range of fluid parameters and operating conditions. |

A central consideration in the der1vat1on of the re1ation is
that the optimum diameter should reflect the energy costs for overcoming
friction losses. |

Diameters from the method'presented here are compared with a
relation developed by DuPont Co. The mean absolute percent difference
between the two methods is less than i9%, with the method outlined here
y1e1digg larger diameters than the DuPont relation. A 19% increase ‘in
diameter represents a 58% decrease in the pumping power required to over--

come friction losses.



INTRODUCTION

V'AsAthe:cost of energy and materials contfnues to increase, more
attention is being devoted to 6ptimization methods in a wide range of .
engineering design problems. A problem amenable to optimization occurs
in the selection of a.pipe diameter for a flowing fluid, where increasing

,the pipe diameter decreases the friction losses, hence energy costﬁ,.but
increases the labor and capitd] costs. Although a number of const}aints
such. as erosion limitations,. allowable pressure drop, process control
and compressible,flpw may dictate the selection of the diameter in a .
particular situation, there}are.many cases where the diameter can be
optimfzed for-a given set of fluid paraﬁetérs, and. costs.

This section presents a method for calculating the pipe dia-

meter which yields the minimum 1ife cycle cost of a pipe-line for a
given set of parameters. A central cqnsfderation in the development of -
this method was that the obtimum diamefer ;hou]d reflect the cost of
energy required for pumping fhe'f1uid. In addition, this method is
quite general, and encompasses a wfde range of fluid parameters, ;nd

-operating conditions, since most of the methods for computing the opti-
mum diameter found in the literature(]’2’3’4’5) were restricted to
either specific flow regimes, narrow ranges of viscosities, operating
temperaturés, pressures, or piping materials. The significant parameters
for computing the optimum economic diameter are: mass flow rate, fluid
viSCQ§ity, fluid density, operating pressure, operating temperature,
cost of electricity, cost of labor, return on investment, project 1ife,

percent utilization, piping material costs, and pump and motor efficiency.
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Since the economics are based on a per unitn1ength basis,.the,1ength of
the'piping is not in the list of barameters: o

o "A closed form solution for the optimum economic diameter is
" derived and has been corré]ated_with aAsoftware progrﬁm which computesr
the optimum diameter as a function of the parameters above. Opfimum
pipe diameters for a rangekof pArameters were compared with diameters

computed from a well-known relation 'developed by DuPont.



 DEVELOPMENT OF THE METHOD FOR COMPUTING THE OPTIMUM DIAMETER

- .

,To find the pptjmqm diameter, it is first necessary to deter-
mine how much capital investment in increased pipe cost is justified to
save a unit of power. Using the internal ratevdf return.ahalygjs (or
discounted cash flow method), the sum of the present values of all cash
flows associated with a giyenﬂproject plus the salvage value,_is'equal

to the initial capital investment. This can be expressed as:

N
C = Z————-—CF" )
1+ )N
n=1 - :
where:
C = capital investment, $/KW
i = rate of return, fractional
N = economic 1ife, years
CFn = net cash flow for any yeér, n, $/KW.

1

The factor z—-—-sﬁ- transforms each cash flow to its value at time zero.
1+ ¢

The net cash flow for year n is defined és the savings resulting from a
reduction in purchased electricity minus the operation and maintenance

costs. This is expressed as:

where:

CF, = net cash flow for year n, $/KW
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CEn = cost of electricity saved for year n, $/KW
co, = operating costs for year n, $/XW
CMn = maintenance costs for year n, $/KW

The cost of electricity saved for year n is:
CE =CE x U x 8760 ..
Tn R PN

where:

Ct
U

cost of electricity, $/KW=-hr

period of operation per year, fractional

We assume that the cash flows are uniform, so (1) can be written using

the preSentworthfactOr, PW:

C= PW(CEn - €O

n T O (3)

It is assumed that the difference in operation and maintenance costs for .
an incremental chénge in diameter are negligible, and‘thgre,is no salvage

value. Therefore, (3) becomes:

C = PW(CE) (4)

‘This relation is‘il1ustrated in Figure 1.

| Ohcé the justified capité] investment is determined for any

. given operating life, return on inVesiment, price of electricity, and

. utilization factor,'the optimum diameter is that diameter where the ratio

of the incremental pipe cost to the incremental power lost due to friction
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equals the amount of capital investmeht justified to save a unit of power.
Mathematically, | |

AP o aPe |
C=— =—AD + —AD ‘ (5)
APf aD . 3D _
- where:
BPC . ,
—C AD is the incremental pipe cost, AP, ($/Ft)
3D
an .
—L AD is the incremental power loss, APf-(Kw/Ft)
aD .

C 2; th? capital investment justified to save a unit of power,
$/KW) -

The above expressions are illustrated graphically in Figures
2 and 3. Figure 2 depicts pumping power and pipe cost as a function
of diameter. Note that the pumping power decreases jnversely to the
fifth power of the diameter, whereés, the pipe cost increases Tinearly
with diameter. The ratio of incremental pipe cost to incremental pumping
power is the capital investment justified to save a unii 6f power. A
plot of the ratio of incremental pipe coﬁt to incremental power consump-
tion versus diameter: for a flow of 6,000 gallons pér minute of water is
shown in Figure 3. If $100.00 can be invested to save a kilowatt, it
can be seen that the optimum economic diameter is 14.5 inches, while if
C = 1000 $/KW can'be invested, the optfmum qiameter js 21 inches.

Ffom the deri?atjon gjven,in Appenqix A, the closed form

expréssion relating the significaﬁt variable to the optimum diameter is:



PIPE COST AND POWER DISS|PATION VS.-DIZ\METER
‘10
1094
- | )
1079 Q PIPE COST,($/FT) /
—\ 30 ~ |
1024 |
4 - Q ¢
F10'd X Y |
L N AP,
> o
= |
X10°1+—20 X % AD |
10™- )
X |
-2 O POWER D 1S SIPATED,
105 (KW/FT)
—10 T
-3| Apf .
107 = AD ~—
. '_
1o ¥ -
| l L L1 | 1 1
0 2 4 6 8 10 12 14

DIAMETER, (IN)
FIG. 2




.12

" INVESTMENT COST VS. DIAMETER

103
102
10!
10°
10-1
1072

| 2

10’3—‘\,-

&

107

| »

Q-

O

1075 -

P

<

107 %

ul

>

1075

| ] | | L |

6 8 10 12 14 16 18 20
-~ DIAMETER,(IN)

FIG. 3 ©

22



11-13

a
- 2
where:

y = 2.63 x 10713 wa3/EC6bp2 (6)

and,
C is the capital cost to save a unit of powér} $/KW
f is the friction factor, dimensionless
W is the hass flow rate, 1bm/hr -
Cp is the pipe cost coefficient, $/ft-1’n2
b relates allowable stress to temperature, dimensionless
p is the fluid density, 1bm/ft>
E is the combined pump. and motor éfficiency, fractioha]'

Dy is the unit diameter, one in.

The complete derivation of y is given in Appendix A."
To compute the constants a4 and aé, a least squares linear
+ regression of y on D/Do was performed. The values of D/D, were computed

by a software program with the inputs of:

—
-

mass flow rate

fluid viscosity

fluid density

operating pressure

. cost of labor . .
.::cgpita1'inves¢ment:to ;éve a unit of power

piping material

00 ~N O O & W™

pump and motor efficiency.
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The program begins at an initial diameter of .5 inches and increments .
upwards in standard diameters, computing the incremental pipe cost and
power consumed in going from one diameter to the next. When the ratio
of incremental pipe cost to- incremental power consumption is~équél to
the inputted capital cost to save a unit of power, the optimum diameter
is found. A listing of the software program is given in Appendix C.

For the values of parameters in Table 1, 275 optimum diameters
were computed’by the software program, and the least squares linear
regression yielded the constants: ‘

51 =2.4

179

42
 giving the expression:

D/D, = 2.4 v 179 (7)

The correlation coefficient for the 275 diameters is r = ;94

y versus D/D is presented in Figure 4.
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TABLE 1

PARAMETER INPUTS FOR COMPUTER RUNS

Carbon Steel ‘ Carbon Steel '
o = .075 Tbm/ft3 . p = 62.5 Tom/ft3
T.= 300°F . T = 300°F |
P = 500 psi’ | P = 500 psi
u= .02 cp ’ -u=1.0cp
W= 1000 1bm/hr ) W= 10,000 Tbm/hr
10,000 1bm/hr ~ . 15,000 1bm/hr
15,000 1bm/hr : 30,000 1bm/hr
30,000 Tbm/hr 60,000 1bm/hr
60,000 1bm/hr 120,000. 1bm/hr
C= 100 $/KW (.0025 $/KH-hr)* 250,000 1bm/hr
500 (.0126) | 500,000 Tbm/hr
1000 (.0253) | | 750,000 1bm/hr
1500 (.0379) 1,000,000 Tbm/hr
2000 (.0505) 3,000,000 1bm/hr
Cp = 13.00 $/MH | 4,500,000 1bm/hr
E=.7 C= 100
500
1000
1500
2000
¢, = 13.00
E=.7

* For the computer runs, C is related to $/KW-hr by equation (4), with 12%
return on investment over a 10-year operating 1ife, and .8 utilization
factor.
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- “TABLE 1 (cont.) -

~ Carbon Steel- Carbon Steel | _’"30‘4L s.s. Carbon Steel
o = 62.5 1bm/ft3 o = 62.5 1bm/ft3 o= 62.5 bm/ft> - - o= 62.5 Tom/Ft’
T = 300°F © T'= 300°F T=300° - T=700°F
P = 500 psi P= 500 psi ” P =500 psi P = 1000 psi .
w =100 cp w = 1000 cp w=1le wu=lecp
W = same as W = same as - W = same as " W= same as
Run 2 : Run 2 Run 2 : Run 2
C = same as C = same as ! C = same as : " C'= same as
Run 2 Run 2 Run 2 Run 2
E=.7" E=.7 E=.7 . E=T
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ASSUMPTIONS AND LIMITATIONS

The method for determining the optimum economic diameter is

subject to the following assumptions and limitations.

1. The method applies to Newtonian fluids (including
incompressible flow of gases). |
v‘2. The upper limits for combinations of operating
~temperatures and pressures are: 706°? and 1800 psi
for A53 Gr. B carbon steel, and 1000°F and 2000 psi
for 304 L. S.S. and 316 L S.S.: |
3. The material and labor costs for the three biping
.z materials were based on data from Richar&son, Process':~;”

Plant Construction Estfmating Standards 1977-1978
6)

Edition( , and a least squares correlation relating
material and labor costs as a function of pipe weight
per foot is used in the software program for cqmputing
the optimum diameter. Figures 5 and 6 show material
cost and labor cost versus weight per foot of pipe.

4. Although the software program computes the optimum
economic diamefef for straight runs of pipe, the method.
is not limited to this. To account for the material
and labor cost of fittings and valves, a pipe cost
constant, C_ is computed. The computation of C, is

P
detailed in the section: Procedure for Calculating the

Optimum Diameter.
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[N

When siiing pipe, it is common practice to antici-
“pate an increase in friction factor over the life of
the pipe. To account for this the friction factor
is multip]ied'by some-66nstant. In the software pro- -
gram the friction factor is multiplied by 2, which
corresponds to a value of C = 100, in tﬁe familiar
William-Hazen formu]a for friction Toss. This value
Lof,C if oftén used for design purposes, however, any
'gvalue”of ftéan beiﬁsea in the method presented here.
Diameters to a maximum of thirty inches can be com-

puted using this method.
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EFFECT OF INFLATION ON THE OPTIMUM DIAMETER

By examining-equation (6), it can be seen that the effect of
inflation over the operative life of the pipe line would be to increase
the cost of electricity, hence the capital inve‘stment to save a unit of

power, C, would increase, as would the pipe cost coefficient, C_, leaving

P
the optimum diameter unchanged.

If the cost of electricity changes at a rate different than the
material cost, the diameter would be affected as the ratio of the change

in capital investment to the change in pipe cost to the .179 power.
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PROCEDURE _FOR CALCULATING THE OPTIMUM DIAMETER

- For -the parameters:

1. ‘mass flow rate, W 1bm/hr

- 2. fluid.viscosity, u cp o Coe T
3. fluid density, p Tbm/ft>
4. operating pressure, P psi
5. operating temperature, T °F -
6. cost of electricity, CE $/KW-hr
7. return on investment, i: fractional
8. project 1ife, N years
9. utilization factor, U fractional
10. piping material costs, C $/Ft-1n2

P
11. pump and motor efficiency, E fractional

Steps one through six outline the procedure for calculating

the optimum diameter, using the relation:
O/Dy = 2.4 v 179 * (7)

Step One: The capital investment justified to save a unit of

power is calculated from equation (4),Iwh1£h is:
C=PW x CE x U x 8760 ‘ (4)
Step Two: The quantity,
b=P(2(S - .6P) + P)/(S - .6p)2 (8)

1s computed where,
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S is the allowable stress at the operating temperature, psi

P is the operating pressure, psi

This equation re1ate$-the ma*imum allowable streés of a giVéﬁ biping
matefia] to the operatihg temperéturq. Tables'exéerptéd from tﬁe ASME
pressure vessel code g1v1ng allowable stresses versus temperature for
.var1ous mater1als are 11sted on pp. 6 38 to 6-41 of Perry(1)

Step Three: The pipe cost coefficient, C_, is now computed

P
This coefficient depends on: (1) the piping material cost, (2) the number
and cost of the various fittiﬁgs and valves, and (3) the labor cost to
install the pipe and all the fittings. For the cdmmonly used pipfng

materials, carbon steel, 304L S.S. and 316L 5.5, C, is given as:

Cp= 118X + .084CY  for carbon steel (9)
C, = .208X + .162 C Y for 304L S.S. . . . . (10)
C, = -266X + .162 C Y for 316L S.5. (1)

where:
X is the material cost per foot of 12-inch, 3/8" thickness
carbon steel pipe, including the cost of fittings and valves.
For 304L S.S. énd 316L S.S. use 12-inch schedule 10S pipe.
Y is the man hours per foot to install the’above 12-inch diameter
pipe, including fittings and valves.

-CL is the-cost of labor, $/mhr

To compute X and Y, the fittings and valves in a run of pipe to be opti-
mized are converted to the reference diameter of 12 inches. An estimating'~

guide such as Richardson(s), can be used to determine the material and
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labor costs for the various valves- and fittings, all converted to the

reference diameter of 12 inches.

Step Four: For materia]s other than carbon steel, 304L S.S.

or 316L S.S., 1f material costs can be expressed as a mu1t1p1e of carbon”'

steel costs,

larly for Y.

1t 1s on]y necessary’ to mu1t1p1y X by th1s mult1p1e S1m1-‘

If the pipe -cost is not a direct multiple of carbon stee1

costs in order to compute Cp, it is necessary to express the pipe cost

in the form
_Where:
Pc
wt

From:a least

be expressed

where:

Similarly:

P = Bwt! + C (Gwt + d) : (12)

is the mater1a1 "and labor cost’ per foot for erect1ng stra1ght
pipe w1thout f1tt1ngs or valves:

is the pipe weight, Tbm/ft

squares correlation, B, n, G and d can be determined. B can

as:

B.= cJ or Cm = B/J

is the material cost coefficient, Ft/1b.
is the material cost per foot. for a straight, run of 12-inch
pipe of the desired material and schedule, exclusive of any

fittings or valves.

"G<Fk  or  F=6/k
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where:
F is the labor cost coefficient, ft/1b
k is the manhours per foot to erect the 12-inch pipe above,
. exclusive of any fittings or valves. .
From the derivation given in Appendix A, we havé the result:
Cp = NCpCoX + 2C FC,Y " . (13)
where:

X iS the material éost per foot of the 12-inch bibe'{hgludfné
all fittings and valves. | I

Y is thé manhours pér foot to erect the aboye pipe fitfings

| Aﬁd valves.

n is the‘exponéht given in equation (12)

C2 is the spécific weight of the pipe, 1b/ft-1’n2

CL is the 1aborlrate, $/mh.

Step Five: The effect of additional head loss due to fittings
and valves (over 100 feet of straight pipe) is accounted for by computing

an "equivalent" friction factor, f', to be used in eduation'(G)
f' = 2f(1 + L/100) L (14)

where:
f is the friction factor from the moody chart for a given Rey-
nolds number and pipe diameter
Ly is the equivalent length in feet of pipe due to fitting and
valve head loss only.
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- The factor of 2 was discussed under the section, Assumptions and Limita-
tions, and is used to anticipate increasing friction factor with pipe
aging. |
Step Six: Al1 the parameters needed to computewD/Do_= 2.4 7'179
are known at ;hi;tstage with thg4excéption of f'. Since f' = f(NRE,.e/D)
for turbu]énf f]dw, D/Do cannot be calculated explicitly. Thérefore,
it is necessaryvto assume an initial diameter. From this diameter, NRE
is calculated, and f is found from the Moody chart. Le can also be com-
puted,ﬂsincg Le/D s known from the various fittings and valves. Conse-
qugdt]y;:F3;c56Pbé éalculated from Step Four. D/D, can now be computed. -
Using this value of D, f énd Le are again fqund; and é new f'lis ca]cu-'
lated as before. This f' is subgtituted into Equation (6), and new D is
calculated. From this D, the above process is repeated once more, w{th
the resulting D being the optimum diameter. At the most, three calcula-
tions of D will be required before the solution COhverges within £ 3% of
the optimum diamet;r. .

‘ Following the procedure outlined above, a numeric;] example is

given in the following section.
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- CALCULATION OF THE OPTIMUM DIAMETER - AN EXAMPLE

Find the optimum economic diameter given the following parameters:

;
ved
.

mass flow, W = 750,000 1bm/hr

. fluid density, p = 62.5 1bm/ft3
fluid viscosity, u = 100 cp
.operating-temperapure, T= 3Q0°F
opératihg pressuré, P = 300 psi.
pump and motor efficiency, E = .7

utilization, factor, U = .8

"

.038 $/KW-hr-
.12

cost of electricity, CE

W 0O N O O & w N
L I I . 2 T 1

return on investment, %

pu—
o

operating life of 10 years

—
w—
.

cost of labor, C, = 13.55 $/hr

—d
N
.

A53 Gr B carbon steel piping with the following fittings:
5 -.90° ELS, 2 - T's, 2 gate valves (fully open),
5 field butt-welds per 100 foot of pipe

Step One: The capital investment is calculated from Equation (4)

(@]
]

PW(CE x U x 8760)
5.65(.038 x .8 x 8760)
1505 $/KW

Step Two: The coefficient relating allowable stress to tempera-

ture is calculated, with information from pp. 6-38 to 6-41 of Perry(]).
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b=PR2(S - .60) + P)/(S - .6P)
= 300(2(18,150 - .6(300) + 300)/(18,150 - .6(300)%)
= .03 |

Step Three: The pipe cost coefficient is calculated. The fol-
lowing table is constructed for the 12-inch, 3/8-inch wall thickness

reference pipé, based on data from Richardson(s).

Item uan. A Material Cost Man Hours Req'd ‘ ‘Le/D

90° ELS 5 5 x 86.00 = 430.00 5 x'10.6 = 53 150
T'S 2 2 x 149.00 =-248.00 2 x 10.6 = 21.2 40
300#Gate 2 2 x 3119.00 =6238.00 2x5=10 ‘ 20
Valves . o ‘ A
Pipe 100 ft. 4 1523.00 68.6 -
Field Welds 5 -- 5 x 11.1 = 65,5 -
TOTALS 8489.00 : - 208.3 - 210
Therefore,
X = 8489/100 = 84.9 $/ft
and, R
Y = 208.3/100 = 2.08 mh/ft
From Equation (9),
S Cpm 118K+ .084C, Y

.118(84.9) + .084(13.55)(2.08)

12.38
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Steps Five and Six: Calculation of f' and D. Assuming an ini-

tial diameter of 6 inches yields;

N

pe = 6-32 W/ub = 6.32(75,000)/(100)(6)

7,900,

and from the Moody chart, f = .034. Therefore,

(210)(.5) = 105 and from equation (14) .

L =
f' = 2f(1 + L /100) = 2(.034)(1 + 105/100)
= 1139
From eqdation (6),
v =2.63 x 10713 Cf'w3/Ecpbp2 | . A
= 2.63 x 10°'3 (1505)(.139)(750,000)3/(.7)(12.38)(.034)(62.5)2
= 2.0 x 10%
Therefore,
D/, = 2.4 y 77
= 2.4 (2.0 x 104179

14.14
The Reynolds number is now recalculated.

Npg = 6.32(750,000)/(100)(14.14)
3352 ‘

and from the Moody Chart,

f = .042
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L = (210)(1.17) = 247.5

£l o= (2)(.0425(1 + 247.5/100)

- 292
Therefore,
y = (2.63 x 10713)(1505)(.292)(750,000)3/(.7)(12.38)(.034)(62.5)>
= 4.24 x 10° | o
and,
D/D. = 2.4(4.24 x 10%)-179

16.3

Recalculating the Reynolds number once again,

 Neg = 2926
and,
f = .0425
Ly = 285.3
£ = .326
y = 4.73 x 104
D/D, = 16.5

This is the optimum diameter.
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CONCLUSION

The method developed here for determining the optimum diameter
' waEvCOmpareq yith a relation deve1bped_by Dygont cited in‘Pérry(]) fgr' N
‘tﬁe range of ;;rameters 1i;ted jn,compuferﬁf&ng one thrﬁhéﬁ three pf. o
Table 1. DuPont's equation and the assumptions mﬁde in the comparison

are given in Appendix B. The software program computed the percent dif-
- D
DuPont

ference in diameter (wheré‘% AD = X

x 100%) for 135 diameters,
DDuPont '

.and the results are summarized in Table 2. For each mass f1ow range qf
1,000 - 60,000 1bm/hr listed in Table 2, five diameters.were comparéd;
and for each mass flow range of 10,000 - 4,500,000 1bm/hr, eleven dia-
meters were compared. From Table 2 it can be seen that the mean absolute
percent difference in diameters between the two methods is less than 19%,
with the method presented here yielding larger diameters than the DuPont
relation, for diameters over four inches. A 19% increaseAin diameter
represents a decrease of'58% in the pumping power required to.overcome
friction 1ossés. . | |

Thé:method fqr‘éohpqting the optimum diameter is straight for-
ward, and encompasses a wide range of parameters with an emphasis on the
cost of energy, as evidenced by the larger diameters produced, relative

to another accepted method.
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TABLE 2
DIAMETER COMPARISON BETWEEN DUPONT RELATION
AND DIAMETER CALCULATED FROM -GAMMA

I‘??gs flow Déhsit§ "'V'isCosi"ty | Ene_rg& Cost- Max Abgg?{}te
m/hr) - (1bm/ft3) . (cp) - ($/K-hr). ~ %AD %AD
1,000 - 60,000 .~ ..075 . .02 ©.0025 = 11. 6.8
0126 27 17.8
0253 29 15.7
.0379 23 12.3
| .0505 19 10.6
10,000 5w 625 0 S 9 8.7
| - oz 37 1.4
0253 - 28.7 4.4
0379 v 21.8 1.5
v . 0505 ¢ 43 1.2
100 | .0025 22.8 10.5
.0126 3% . 18.8
.0253 37 RN
.0379 28.5 2.8
A Ny

) ! - J .0505 23 i11.
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APPENDIX A

Derivation of Gamma .

The head 1oss due to fr1ct1on of f1u1d f10w1ng in a closed

vog et

conduit is given by the D' Arcy we1sbach Equatlon as:

. In terms of pressure drop per unit length of pipe:

P . 2 . L
L 2901
where,
b, = Laf/Fed - Ft
1
For laminar flow,
f = 64(NRE , o , | | ‘ '(;)

and for transition and turbulent flow, the empiriéa] relation,

1 : S
2.5 . _e : -
— = - 21094 ( + ) - (4)
10
f | 1Jf'NRE 3.70, o

i

will be used.
The.power dissipated as a result of friction loss per unit

length is:
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P SPVA (5)
T

The power input for a.combined pump and motor.efficiency, €, in terms
of W-and D 1s: -
3
Cqfws

e o I L

As a basis for piping costs, Richardson Process Plant Construction

Estimating Standards 1977-1978 was used. Using a least squares 1inear

regression, the following correlation was obtained:
o yueh v | |
P9 Cmet + CL(Fth + d) (7)

where,

(@]
n

.0228, n = .974, F = .01573, d= t268 (for carbon steel)
.0375, n = 1.04, F = .0303, d = .188 (for 304L S.S.)
.048, n = 1.04, F = .0303, d = .188 (for 316L S.S.)
1b/ft

£ (] ()
ct
[} [} n

>
n

$/ft, material cost per foot of 12- 1nch 3/8" wall thick-
| ness carbon steel p1pe " Includes cost of p1pe, f1tt1ngs,
and valves. For 304L S.S. and 316L S.S. use 12-1nch SCH.
10S pipe.
Y = mh/ft, manhours to install 12-inch, 3/4" wall thickness
carbon steel pipe, including all fitting§ and valves. Fbr
304L S.S. and 316L S.S. use 12-inch, SCH -10S pipe.

¢, = $/mhr, cost of labor.



I1-37

The pipe cost is a function of‘weightﬁper length for a given
material. This fn turn is a function of operating pressure and tempera-
ture (unless -special considerations require extra wall thickness for
abrasion, for example). With no allowance for corrosion, the wall tfiick-
ness as a function of temperature and pressure i§ given by the ASME pres-

suré vessel code formula for seamless pfpes as:
Sty =‘PDO/2(S + .4P): (8)
or in terms of inside diémgtgr, D, this can be expressed as:

t

n = PD/2(s - .6P). ', 3 | - (9
Since, |
wt = cy(0,2 - 0?) o _' - (10)
and, ﬂ.
| Do = D + 2t SR (11)

We can combine these expreséions; and the weight per length can be ex-
- . : . C ) , " ‘
pressed as: .

‘ e

= c.p? - - |
wt = c 0% | | (12)
where ’
b= P(2(S - 6P)+ PY/(S - 6P, (13)

Using the case of carbon steel as an example,.and substituting (12) into

(7)  we have:
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2

) 2...974
P, = C X (C,0%) %74 + ¢ (FYC,0% + @)

c

Computing the incremental pipe cost for a AD.yields:

dp '
2 __C = .974 . 948
APc p” AD (1.9480m X (Czb) x D + ZCL
where, |

APc = §/ft.

The incremental change in the power required for this AD is:

dP 6C, fu’
AP, & —— AD = ~ ———— AD .
f dD EDszg
Therefore,
AP dP dD 1
c=_._£=.—Q.ADx_._.
APf dD de AD

e080%g(1.948C,, x (C,b) 7% x 0948 + 2c, Fyc,mb)
3

6C1fw

Making the approximation:

DbCp x Db(1.948CM X C2 + 2CLFYC2)
or,

Cp = (1.948CM X C2 + ZCLFYCZ)'
For carbon steel this becomes:

Cp = .118X + .084C ¥

FYCZDS)AD

(15)

(19)

(20)



11-39

For 304L S.S. this is:

Cp = .208X + .162CLY ' - (21)

and for 316L S.S. this is:

C, = .266X + .162C ¥ (22)

We can simplify (17) so that:

P | -
¢ = Kﬁ% = - £C 0%b07g/6C, fw . (23)

For any given investment cost to save a unit of power, C ($/kw), the

optimum diameter is:
D = (C6C1fw3/ECpbgp2)1/7 (24)

Dividing by the unit diameter Do’ inches,

/D, =’(csc]fw3/ogecpbgp?)1/7 | (25)
Let:
Cg = 3.83 x 10711 in%/t% - hrd/sec’
. kw-sec/ft-1bf - 6C,/EC g (26)
or:
C = 2.63 x 10"3/Ecp , ku=hr3=in/5-1bm-FtS  (27)
Therefore,

D = F(C,f.b,w7,0%,E,C) (28)
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- We define gamma as:

vy o= 2.63 x 10“3'wa3/scpbpz, - (29)

which is the quantity relating the significant parameters to.the”optimum
economic diameter. The parameter groups in Tab]e 1 were inputted to the
software program, and each combination of parameters yielded an optimum
diameter, and a corresponding y. A least squares linear regression of

Y on D/Do yields:

179

D/D, = 2.4 y° - (30)

with a correlation coefficient r = .94,
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NOMENCLATURE
h, = head loss, ft R C, = 2.667 1bm/ft-1n?
) =_ve]9c1ty. ft/seg e - - Wt - pipe weight, 1bm/ft
L=ft S : : b = dimensionless.
Py = Lbf/ftlft . | i, = §/ft
0y = diameter, ft . APf = 1bf/sec
e = relative rougness, ft C = $/kw
A = area, £42 Cp = $/ft-1n2
g = 32.14 ft-]bm/secz-lbf y = dimensionless
p = density, 'lbm/ft3 ' : E = pump and motor efficiency,
, fractional, dimensionless

f = friction factor, dimensionless

X = material cost, $/ft
N.e = reynolds number, dimensionless

Y = labor, mh/ft
C] = scale factor, dimensionless

=
1]

mass flow rate, 1b/hr
Pf = power per unit length, 1bf/sec

Pe

L = labor cost, $/mh

pipe cost, $/ft

C
CM material cost coefficient, ft/1b
F = labor cost coefficient, ft/1b

cost.exponent; dimensionless

cost constant, mh/ft

n
d
Dy = unit diameter, one in.
p

‘operating pressure, pst

allowable stress, psi

m = wall thickness; in.

S
t
D = inside diameter, in.
U

= fractional operation time per’year,
dimensionless
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APPENDIX B

DuPont Co. Optimum Diameter Relation

The parameters indicated in runs 1 through 3 of Table 1 were
" inputted to the DuPont formu]a(]) below, and the d1ameters ca]cu]ated
were compared with the diameters ca1cu1ated from the y correlation. The
resu]ts of these compar1sons are summarized in Table 2
- Both re]at1ons computed the opt1mu$ d1ameter for a stra1ght
run of schedule 40 carbon steel pipe which included five f1e1d butt-welds
per hundred feet. The comparison of the two methods was made ph a common
basis with the pafameters below assigned to the DuPént formu]é, and where
applicable, to the y correlation.’

Tﬁé'formula of DuPont which is based on return on incremental

investment is given as:

p}-84 * M,y 4 704 D)

M
.000189YKq2-845-84,-16 (1 + m)(L - ¢) + ——
. a' + b’
= . ’ - - (1)
n XE(1 +F)(Z + (a+b)(1-29)) .
where:
D = economic pipe diameter, ft o ;
n = exponent 1n p1pe cost equat1on (C = XDn)
C = cost of p1pe $/ft _
X = cost of 1 ft, of 1 ft:diameter p1pe
[} '
L factor for fr1ct1on in fittings, in p1pe d1ameters ‘per

unit length of pipe
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M= (a'+ b')EP/(]Z.QKY). ratio of annual cost of pumping
installation to annual cost of power delivered to the fluid,
dimensionless

E = Combined pump.and motor efficiency, dimensionless

P = installed cost of pump and motor, $/Hp

K = cost of power delivered to the motor, $/kw=hr

Y = days of operation per year (24 hr days)

¢ = factor for taxes, dimensionless

Z = fractional annual rate of return on ihvestment, dimensionless

F= ratio of cost of fittings plus installation cost of fittings
and pipe to pipe material cost, dimensionless

a' =~fractiona1 annual depreciétion on pumping installation,

dimensionless

b' = fractional annual maintenance on pumping installation,

dimensionless - ' ‘ ' ’

as= fractioha1 annual depréciation on pipe line, dimensionless

b = fractional annual maintenance on pipe line, dimension]ess’

q = w.lumetric flow rate, ft3/sec

o = fluid density, 1bm/ft3 -

u = fluid Viscosity, cp

.The values assigned to the parameters are:

1.256 Y

n-= = 292

X =14.1 6 = .55 /
L, =0 Z=.12

E
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Using a least squares correlation, the following relations
were derived for material and labor costs of schedule 40 carbon steel

. pipe based on data from Richardson(s).

Material cost, $/ft = 14.1 p'-2%

of if D is in inches,

§/ft = .62 D125
also,

Labor cost, $/ft - 1.22 D°78

assuming labor cost = $13.‘00/mhr and welding cost, $/ft = 1.08 n- /8-

The above expressions are combined to form an exbression for

1 + F which is,

1+F=1+ 3.71(0"476 where, D is in.
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APPENDIX C

"SOFTWARE PROGRAM LISTING

ROBERT KRAMEK

DEFARTMENT OF MECHANICAL ENCINEERING “

CARNEGIE-MELLON UNIVERSITY
... PITTSEURGH FENNSYLVANIA

MUsKWHR . .

KNEWyKOLDy LAMBDAY e e e e m e
DIMENSION DNOM(30)» DOUT(30)»s. TMSTL(30)y TMSS(30)s CKI(1S),
2 P(10)y T(10)» Q(30)s RHO(10)s MU(10)» DS(10)y C(10)»

DNOM(1)=.9

———— e — . DNOM(2)=.75 .

DNOM(3)=1.0
DNOM(4)>=1,25

DNOM(6)=2.0
DNOM(7)=2.5

e d

——_DNOM(8)=3.0

[INOM(9)=3.3
INOM(10) =4,

DNOM(11)=5., . _ ..

DNOM(12) =64,
DNOM(13)=8,
DNOM(14)=10.
DNOM(1S)=12,
DNOM(16)=14,

-DNOM(17)=16.

DNOM(18)=18.
DNOM(19)=20,

. .DNOM(20)=24,

DNOM(21)=30.

CLABOR(10)

DNOM(S)=1.5 ... .

STANLIARD FIFE SIZES ARE:

C OUTSIDE DIAMETERS ARE .AS FOLLOWS

DouT(1)=,840
DOUT(2)=1..03
pOUT(2)>=1.,315

- OUT(4)=1,66

DOUT(S)=1.9
DOUT(6)=2,375
DoUT(7)=2,875
nouT(8)=3.5
pouT(9)=4,

. DOUT(10)=4,5"

nouT(11)=5.56
DOUT(12)=6.,625
DOUT(13>=8.62
DOUT(14)=10.75
DOUT(15)>=12.,75
DOUT(1&)=14.,
nouUT(17)=14.
nouT(18)=18.




e e DOUT (190 =20
DOUT(20)=24.
DouUT(21)=30.

.--C. SCHEDULE 40 WALL THICKNESSES  _ ..

TMSTL(1)=,109
TMSTL(2)=,113
. TMSTL(3)=.133
TMSTL(4)=,14
TMSTL(3)=.145
TMSTL(63=,154
TMSTL(7)=,203
TMSTL(8)=,216

TMSTL(10)=,237
TMSTL(11)=,258
i _TMSTL(12)=,28

TMSTL(13)=.322

TMSTL(14)=,365

——eeee— . IMSTL(15)=,.375 .

TMSTL(16)=,37S
TMSTL(17)=.373
—_—.TMSTL(18)=.373
TMSTL(19)=,.373
TMSTL(20)=,.375
e . TMSTL(21)=,.375

‘C THICKNESSESS FOR SS TO

TMSS(1)=,065
e - - -TM8S(2)=,.065
TMSS8(3)=.,065
TMSS(4)=,065
—e— = —--TM88(3)=,063
TMSS(6)=.0465
TME8S(7)=.083
e e TMES (8) =4 083
TMSS(9)=.083
TMS8S(10)=,.083

e TM88(11)=,109 ..

TMSS(12)=,109
TMSS(13)=.,109

e TME8S(14) =, 134
' TMSS(15)=.156
TMSS(16)=,156

e TM88(17)=,165
TMSS(18)=.175
TMSS(19)=.188

e e TME8 (200 =4 218 -

TMSS(21)=.,250

TMSTL(®?)=.226. . ..
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BE SCH 10

- C THE VALUES FOR FARAMETERS

e T(1)=0,
‘ : T(2)=100,
T(3)=300.

———ee e T (4)=300, .

TO BE USED IN DO LOOFS ARE?
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T(S)=700.
T(4)=900.,

e T(7)=1000, e
T(8)=1300, »
T(9)=1500.

e e P(1) =0 . —
P(2)=500.

. P(3)=1000.

—_————__P(4)=1500.
P(5)=1800.
P(6)=2000.

P 73=2500. . _ . _
P(8)=3000.
CLAROR(1)=

o CLAROR(2)=8,
CLAEOR(3)=13,

. CLABOR(4)=20,

.. _CLAROR(S)>=50., __ __.

CKI(1)=2
CKI(2)=100.
.CKI(3)=500.

CKI(4)=1000,
CKI(5)=1500,
CKT (6)=2000,
Q(1)=1000,
Q(2)=5000.
_Q(32=10000, _
0(4)=15000,
R(5)=30000.
e B(6)=60000,
Q(7)=120000.
R(8)=250000,
e R€92=500000, e - _—
Q(10)=750000,
R(11)=1000000.
e _Q(12)=3000000.
Q(13)=4500000.
MUC1)=,005
MU(2)=,01

MU(3)=.02
MU(4)=,05 _ :
e MU(SY=1.0
MU(&) =5,
. MU(7)=20.
_._MU(8>=100. e
MU(9)>=1000.
RHO(1)=.02 , K -
e RHO(2)=,075 . . .. - R
RHO(3)=,09 s C : ‘
RHO(4)=40. ;
——e———— __ RHO(S)=62.5 e e e e e e
RHO(6)=80. v
C [0 LOOFP INDEXES FOR INFUTTED FLOW PARAMETERS ARE?
— C THE TEMPERATURE INDEXES ARE $. e
NT=2
NTF=
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. NTINC=1 .

C THE PRESSURE INDEXES ARE:
NF=2

o ——_.NPF=2 ..

NFINC=2
C THE LAROR RATE INDEXES ARE:

—e—e e NL=3 L o
NLF=3

NLINC=1
_.C _THE INVESTMENT COST INDEXES ARE: . ___

NK=3
NKF=6

——.NKINC=1.. . __ ..

€ THE MASS FLOW RATE 'INDEXES ARE:
NQ=3

—...NQF=13

NRINC=1 |
C THE VISCOSITY INDEXES ARE?
—— e NMU=S

NMUF=3 .
NMUINC=1

..C THE FLUID DENSITY INDEXES ARE?! .o oo
NR=5 |
. NRF=5
e —— NRINC=1 e -
TYPE 876

C THE DO LOOFPS CALCULATE THE COMBRINATIONS OF THE VARIOUS -

--C FLUID PARAMETERS AND OPERATING CONDITIONS . .. ...—ewoo
DO 877 INDI=NT»NTFsNTINC
DO 877 IND2=NP» NPFys NFINC
e —emee=—.-00..877 IND3I=NL» .NLFy. NLINC.
DO 877 IND4=NK» NKFs NKINC
DO 877 INDS=NGs NQF» NQINC
DO 877 IND&6=NMU» NMUF» NMUINC
DO 877 IND7=NR» NRF» NRINC
EFF=,5

~C..THE PIPE COST COEFFICIENT I8 CS.. ‘ -
‘ C3=3.,25
INDEX=1

‘.. —. ERRNEW=0, S
TM=,1 '
KWOLD=9,9E+09

e e smmens PCOLDImPCNEW e et e et e et et e 5 o s et st miioms s 2 e

SIOMA=0., "
HLOSS1=9,9E+09

C FOR C.S. FLAG2=1» FOR 304LS.S. FLAG°= » FOR 314L 8.S.

FLAG2=1
C THE REYNOLDS NUMEBER IS CALCULATED

cen 30 oo o IF CINDEXWBT421) B0 TO 901 o oo e o e omir0m

ERROLU=ERRNEW
12 D=DOUTC(INDEX)=2,0XTM

o e VG 1EKQCINDS) /(RHOCINDZ) X3, 1416XD%X2) SR

14 NRE=124 . XxDXVXRHOCIND?) /MUCINLDG)
» IF (NRE.LT.2100) GO TO 31

FLAG2=3
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—-C. FRICTION FACTOR FOR TURERULENT FLOW . _ - ' : - -
RELR=.0018/D A :
r2=1
e e e Fl= 1 e e i e e o e e e i
20 A=1/FWXX%X.,5
: -”*ALOOIO(2.51*A/NRE+RELR/3 7) -
.——.—— .ERROR2=AES(A)-AES(B) = = . _. ‘ : : N
IF (ERROR2.LT.0) GO TO 21 '

IF (ERROR2,LT.0.04) GO TO S5
e .FU=FW+.0001 - — : e e
. GO TO 20 . -
21 FW=FW-,0001 o , -
—— - IT2=IT241 . . e —
: IF(IT2.EQ.3000) GO TO 951 - :

GO TO 20 , . .
_.C. STOKES LAW FOR LAMINAR FLOW . ... __ S
31  °  FW=64/NRE |
55  F=2%FW : ) .
..C THE HEAD LOSS AND FUMFING FOWER IS COMFUTED ASSUMING A FUMF MOTOR EFI
C ICIENCY OF E ,

40 HLOSS=,1295%FXRHO(IND7 ) *Ux%x2/D .
--.1022. FORMAT (’ FRICTION FACTOR IS:‘’sFé.4) s e
PFPOQW=(5.71E~ OS/EFF)*G(INDq)*HLOSb/RHO(IND?) ‘
KWNEW=FFOW
e DELTKW=KWOLD=-KWNEW ... _. . e e e e e+
KWOLD=KWNEW ‘
GO TO (81,82,83)y FLAG2
..C.ALLOWARLE FIPE STRESSES COMFUTED BY LEAST SGUAREQ FIT FROM R
C ASME FRESSURE VESSEL CODE. FOR CAREON STEEL FIPING:
81 IF(TC(INDL).GT.1100) TYPE 98» T(INID1) '
e IF CTCINDL) oGTo900) GO TO 84 . .o oo
IF (T(IND1)>.GE.750) GO TO 89 -

IF (T(IND1).GE.400) GO TO 86

e IF CTCINDL) WGEG200) GO TO 87 o oo oo e
IF (TCINDLY.LT.1003 TCIND1)=100,
GO TO 87 _ , .
e BA L 8B OSEB /T CINDLYKKD S e
GO TO 80 = ‘
89 8=8,38E14/T(IND1)YXX3,76 -
——eem. GO TO 80 e o - e
86 S-&.23E06/T<IND1)** 777 .
GO TO 80 . '
v—u 87, . S=3,2E04/TC(INDLY XX, 139 . .. .“JMW..n“,."..f e e P
GO TO 80

C FOR 304 §S FIFING ALLOWABLE STRESSES ARE!
82 IF (TCIND1),GT.1500) TYFE 98, TC(IND1)
"IF (T(IND1),GT.1050) GO TO 3%
IF (T(IND1).GE.700) GO TO.3& o :
IF..(TCIND1) .GE.100) GO TO 37 ....._. A oo e o
IF (TCINDL)WLT.100) TC(IND1)=100.
GO TO 37 |
. .39 .. S®1,73FERT/TCINDIINKZ 403 o o oo e sene s e e e
GO TO 80. , o
36 S=6,67EQS/T(INDL)I KK, 626 U
.. . .. .60 TO 80 e enes e e et e 2 o
37 ' Sw7,49E04/T(IND1)KX,29 T "
.80 TO 80
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..C.FOR 316 SS PIFING THE ALLOWAEBLE STRESSES ARE! . . . _ . .. ..
83 IF (TCIND1).GT.1500) TYFE 98, TC(IND1)
IF (T(IND1).GT.1100) GO TO 41 s
—_— IF (T(INI),.GE.900) GO TO 42 . ___ __ —_— e
IF (TC(IND1).GE.100) GO TO 43 : '
IF (TC(IND1).LT.100) TC(IND1)=100. oo
e e B0 TO 43 e v
41 S=4, 783E“3/T(IND1)**6 44 ' S

GO TO 80 .
_____ 42 __. ..8= 3.23”E10/T(IND1)**2.13 S — : ——
GO TO 80 '
43 =2.,94E04/T(IND1) %%X,062
-— .60 T0 80 . e - N
98 FORMAT (’ THE TEMP IS TOO HIGH; =’yF10.2)
60 TO (84,35,41), FLAG2
—80.._.__TM=P(IND2)XDOUT(INDEX)/(2%(S+. 4*P(IND°))) U
GO TO (75976+76) FLAG2 .

75 IF (TMSTL(INDEX).LE.TM) GO T0 6 ,
— e TM=TMSTLCINDEX) . . .. ._._._ . — .
GO TO 6 -
76 IF (TMSSCINDEX).LE.TM) GO TO 4 :
— .. TM=TMSS(INDEX) o _ . e e
6 WT=2,677X( (D+2XTH) XX2-D%XX2) . '
GO TO (91,92,93) »FLAG2 | '
s 91 ... PCOST=36.56X (WTKX,974) +CLABOR(IND3) X (1. 95XUT+26.87)
GO TO 200

92 PCOST=256X (WTKX.96) +CLAEOR (IND3) (1. 146%UT+12.41)
e HCLABOR CIND3) K (40 S3KD4+604) . oo
6O TO 200 |
93 PCOST=332,8% (WT*%,96)+CLAKOR(IND3)IK(1,146XWT+12.41)
— e o 2 +CLABOR(IND3)X(4.S3%kD+6.4) . ..
200 FCNEW=FCOST
IF (ARS(ERRNEW) .GT. ABS(ERROLD)) GO TO 900
e BELTPC=PCNEW-FPCOLD .. . L o e e e
PCOLD=FCNEW ' ~
LAMEDA=DELTFC/DELTKW ' o
e e e .o ERRNEW=LAMBDA-CKI(IND4) e en e e D e
IF (ERRNEW) 479005 | ,
C IF THE NEW ERROR IS NEGATIVE, INCREMENT SIZE ANII GO THROUGH LOOF
C . AGAIN. IF NEW ERROR IS ZERO, FINISHED. IF NEW ERROR IS FOSITIVE.
C CHECK THE ARSOLUTE VALUE OF OLD AND NEW ERRORs AND SELECT MIN ERROR.,
4 INDEX=INDEX+1
. GO TO 10 ' e
S IF (ABS(ERRNEW).LE, ABS(ERROLD)) GO TO 900
- INDEX=INDEX-1 ,
i e ... GO TO 12 e e e
200 ALEFH= P(IND”)*(“*(S—.b*P(IND”))+F(IND°)) : : :
2 /(S-.6XP(IND2))XK2
e GAMMA=2, 63E~13%CKI (IND4) KFXQCINDS)X%X3 . .
' 2 /(EFFXCS¥ALEPHXRHO (IND7) %%2)
C DUFONT’S RELATION FOR FIFE DIAMETER EASEDIl ON INCRE-
CMENTAL RETURN ON INVESTMFNT. TS FALCULATEN NN AN FRIAL RASTS
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C WITH F‘IF‘UFo : .
'C THE CAFITAL OUTLAY JUSTIFIFD TO SAVE A KILOWATT IS DASE.
C 10 YEAR FROJECT LIFEs .8 UTILIZATIONy 12X ROI, NO OFERA’
-€C OR SALVAGE VAIUE. ‘
KWHR=CKRI(IND4)/37595,

——ee- .. ALFH1=2.S 5#EFFX‘(1+(1.--#[I>X* 785+1., 1*[1** 78)/( S2%!
ALPH2=4,386E~ lﬁ*l\UHRo‘?G(INDJ)**Q.B‘%*”U(INDé)** 16/
ALPH3=.45+8.61E-03XEFF/KWHR

e .- D1=212%X (ALFH2XALFH3/ALFHL ) XX 164 - - ——
DELD=(D-D1)/01%100
WRITE (S+878) RHOCINDZ)>y MUCINDG)Yy FPCINLDZ2Yy, TC(IND

——— e .2 CKICIND4)s CLARORCIND3)» VsDy KWHRs NREs . -..—
3 GAMMA» F» D1, DELD :

GO0 TO 907

--—_876 FORMAT (1Xs’ RHO’»4Xs’ VISC’»2Xs’ PSI‘’y4X»y’ TEHMF~’
2 9Xs’ $/KW/ 92X’ $/MH’»1Xy’ VEL.‘’»1X’ DIA’ »3Xs’

3 10Xy’ GAMMA“»éXs’ FF’93Xs’ N1/5s2Xs’ ZLIFF’//)

878 FORMAT (F7.3s1XsF8.3s1XsF6.151XsF&.1r1XsF%.1 .
2 AXsF7.191XsF6.291XrFS5.251XsFS.251XsF7.451XyE12,
3 F6.4r1XsFS.291XsFb6.2) ‘

-------- 907 GO TO 877 - o e~ S

877 CONTIMUE . ’

GO TO 953 E
———951. . TYPE 9S2_ .._._. e
952  FORMAT ¢’ TOO MANY ITERATIDNS WERE REQUIRED’)
GO TO 877
—_ 953  TYPE 954y IT2s INDEX . ... .._..
954  FORMAT (/ IT2=’,14y ‘ INBEX=',I14)
STOP : .
. _.END __.
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ABSTRACT

In this study, we looked at replacing certain heat exchangers
with Organic Rankine Cycles. In each case, we determined the cost of
generating power and then from this tabulation of capité] investment
for power generation, feasibi]ity of replacement on a unit-by-unit
basis was determined.

The resﬁ]ts show that 18 heat exchangers reject sufficient
heat to warrant ORC.usage, with potential electric gengration of 36 MW
or a 17% increase of the inplant power generation of 210 MW.

Cost éstimates indicate the capital investment requiréd to
be approximately $1000/KW with a potential reduction of $300/KW for
mass. produced units.

Based on the results of this analysis it is recommended that
ORC manufécturers be eﬁgaged to further engiﬁeer and incorporate Qréanic

Rankine'Cycles into the 0i1/Gas design.
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1. Introduction

In our initial energy study, we developed a number'of methods
by which energy can be conserved in inefficient coal conversion plants.]0 _
Currently, our objective is to apply the procedures we have learned to '
more near term, efficient and highly engineered plants. The commercial
concept 0i1/Gas .Complex designed by Ralph M. Parsons Combany has been
selected.as the next candidate to be evaluated. This design has a high
thermal efficiency of 77%.'] |

The purpose of this particular study is to investigate the
feasibility of repldcing certain heat exchangers with aﬁ organic rankine
cycle. For each case, the cost of generating electric power is to be
determined and then from this tabulation of capital investment for
power generation, the feasibility of rep]acement on a un1t -by- un1t basis -

will be determined.

2. Hx Suitability for ORC

: Every heat exchanger in the 011/Gas Combiex has been evaluated.
for its suitability of being replaeed by an organic rankine cycle to
produce shaft work. As shown in Figure 1, the ORC can>perform essentially
the same function as a heat exchanger but the exit temperature of the
second stream cannot be the same, (T4 #‘T4') s1nce work’ is extracted.

In evaluating heat exchangers, there are three reasons why a
heat exchanger may be reJected as a potential cand1date (1) the
exchanger's operation is 1mportant to the downstream process and there-
fore a temperature change in any stream cannot be afforded or (2)vthe

incoming temperature of the process stream is too low to warrant ORC usage or
(3) the unit is too small. ‘
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FIGURE 1.

COMPERTSON OF ORC AND H_

3. Organic Rankine Cycle .

In many areas in the 0i1/Gas cpmplex, aif coolers and watér
coolers are used to cool proéess streams. In some cases the coolers are
‘used independently and in others they are used:in series as shown in
Figure 2A. Normﬁ]]y, the air cooler cools the stream to 120fF, then
the water cooler cools the stream to 100°F. The inlet temperature bf
the air coolers vary throughout thé plant. from 550°F-200°F. It is these
schemes which are proposed for replacement by the Rénkine’Cyc1e design
in Figure 2B, in this report.

The Rankine Cycle design in Figure 2B utilizes an organic
working fluid to produce shaft power through a reciprocating or turbine
type expander. The air cooler and/or water cooler is replaced by,the
boiler of Figure 2B keeping inlet and exit states of the process stream
constant. Therefore, the waste heat which'was previously lost to the
atmosphere ié used as a heat source for the Rankine Cycle in which
some of this heat is converted to mechanital energy in the expander

while the remaining is rejected in the condenser to the cooling tower.
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334—2bo°F Water Cooler

~ ..Air Cooler .
. T, . 130°F Q2 T3 ~100°F
—+———=1 Heat Duty Q, A
Process »
Stream OO A
120° ,
To Cooling 75 Cw
: . - Tower

FIGURE ZA. PRESENT DESIGN

334-200°F |
Pre T — Tz ~100°F "
PSrtorceiJi:\—'*——' . Boiler -
Heat Duty Q;+Q; . .
. . Organic Fluid .
nghLqurjisdsure__ Sat. Vapor
AFeed P“’mpb 8 Generator
2 Super Heated Vapo
3 Regenerator

VYV YV YVVY

LA AAAAAAAAAAA

Condensed — t I
Liquid 5 :
B | . i

75CW 120°F To Cooling Tower

_ Condenser
-FIGURE '2B. ALTERNATIVE DESIGN ORGANIC. ﬁANKlNE CYCLE



ITI-8

To date, only AFI Energy Systems is in a position té'market
Organic Rankine Cyc1es as low level waste heat recovery systems in the
200-400°F temperature range.]7 AFI Energy Systems is a joint yenture of:
Allied Chemical, Foster Wheeler and IShikawajima Hauma (IHI) of Japan.

A demonstration 500 KW Organic Rankine Cycle system shown in
Figure 3 is being constructed at the Allied Chemical facility at
Claymont, Delaware and will be operating in early 1978.8 This olant
incorporates ‘a turbine and associated technology which has been
commercially applied in Japan since 1968 in a 3800 KW Organic Rankine
Cycle. This system shown in Figure 4 has provided over 70,000 hours
of continuous operation with no major pr'oblems.]8

“The AFI systems are being offered for sale on a turnkey,

fixed price basis in four nominal sizes: 500 KW, 1000 KW, 2000 KW, and
4000 KW. Delivered costs are approximately $1000/KW.]7

AFI's cufrent market thrust is toward.retrofitting the ORC
to waste heat sources in existing plants. These systems utilize liquids
or condensable vapors as -a heating source. AFI feels economics are not
yet justified for installation of an ORC when_using gas as a heating
source because of a much larger heat transfer area required in the
boiler. A three-year AFI study indicated that there is a hugé potential
application in the following areas: chemical plants, refineries, chemical
processes, and areés where there is excess process s‘ceam.]7
Figures 5 and 6, furnished by AFI, have been used to estimate

the ORC power output potential of heat exchangers with a liquid or

condensable vapor as a heat source. Samples are shown in the figures.
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FIGURE 3
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FIGURE 4
3800KW ORGANIC RANKINE CYCLE SYSTEM
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Table I shows the results of the power estimates. As can be seen in
the tabie, this analysis indicates that 6‘Mw of power can be generated
using ‘AFI's hardware.

Our analysis of all heat exchangers in the 0i1/Gas Complex
shows that most of the rejected waste heat is removed from gas streams.
Currently AFI does not market systems which can use this heat source,
but this is because their market thrust is toward retrofitting in
existing installations rather than'application at the design stage of
a new plant. When 1ookihg at the economics of the ORC in a new design,
credit muét be taken for the heat exchanger which would have otherwise
been needed to remove the heat. This credit will make the ORC utilizing
a gas heatasdurce economically attractive.

Barber-Nichols Engineering Company (Refs. 6 and 7) has
constructed a generalized curve showingthe evaluation of Rankine Cycle
efficiency‘with maximum cycle temperature for various working f1Jids
as shown in Figure 7. It is on this curve that 6utput power has been
made for the ORC'system utilizing a gas as a heat source. Sample
calculations are given in Appendix A.. A1l results are shown in Table II.
The results of Table II show: that by incorporating an ORC in every-

potential gas stream over 30 megawatts of power can be generated. -

4. Cost Analysis

Only a rough figure of $1000/KW for the ORC systems has been
obtained through personal conversations with a representative of Allied
Chemica].T7 Installation costs have been kept at a minimum because of a

modular installation approach and is estimated to be 20% of the capital
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Item

12-1301
12-1302
12-1307(8)
13-1301
14-1308
14-1314

16-1307(8)

Description

slurry vapor
condenser air

slurry vapor
water condenser

Hp separatof
liquid coolers

dried vapor
cooler

naptha air
cooler

fuel oil air
cooler -

product coolers

Table I - Qutput Potential-AFl Energy Systems

Specific Heat
BTU/1b-°F

0.45
0.45
0:4]

| 0.65
0.65
0.45

0.57

Mass Flow Temp. of Source Output Costs
1b/hr °F KW $/KW $
. 46,340 450 500 1200 600,000
44,500 | 260 1900 1200 2,280,000
224,740 300 500 1200 600,000
74,000 460 900 1200 1,080,000
199,600 2807 600 1200 © 720,000
942,413 300 1400 1200 1,680,000
106,500 270 500 1200 600,000
TOTAL 6300 KW 1200 $7,560,000
Heat Exchanger Costs -- $1,843,500
Net Investment -- $5,716,500
Or Installed Cost of -- $ 910/KW

§1-111
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Item

12-1305
16-1303

17-1304

18-1303

18-1304

18-1308

18-1315

21-1302(3)
24-1307(8)

Table II - Power Qutput-Barber and Nichols

Description

Hp separator
vapor air cond.

effluent air
cooler

amine cond.

methanation comp.
1st stage dis-
charge

methanation comp.
2nd stage inter-
cooler

methanation
effluent air
cooler

SNG comp.'lst
stage discharge

~intercooler

shift gas coolers

fuel gas coolers

Mass Flow Temp. of Source Power Generated
1b/hr °F KW

605,700 300 5400
325,350 280 900
. 153,500 230 2500
294,300 290 1300
294,300 250 900
305,314 305 2200
277,295 235 800
2,019,162 260 8200
2,213,382 300 7900

TOTAL

30,100

9L-III
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investment.Tz The installed cost is therefore anproximately $1200/KW

for systems utilizing a liquid or condensable vapor heat source. The
capital inveétment-required, shown in Table I, is 7.5 million dollars.
The total rep]acement heat exchanger cost was found to be 1.8 mitlion
dollars. Taking the heat exchénge} costs as a savings the net investment
is 5.7 million dollars or $910/KW. It is assumed that the same cost
will be realized with ORC's utilizing gas as a heat source when credit

is taken fdr the replacement heat exchangers.

Figure 8 presents cost curves which were extrapolated from
cosf curves given in Reference 6. These curves forecast the installed
costs of Rankine Cycles for production units. The costs for the Rankine
system inc]udé all the compdnents necessary to produce shaft power and,
in addifion, the generator and associated controls to result in electrical
power generation. The additional cost to the cooling tower because of
larger cooling requirements are not given in this figure.

These curves assume a 100% installation cost and a 6%
escalating rate from 1976. From this figure, the installed cost of
replacement Rankine Cycles was estimated based on the cycle output
and maximum cycle temperature. The cost estimates are given in Table II1.
Sample calculations are given in Appendix B of the report.

Table IIT is a summary of the results of the ORC feasibility
analysis for all heat exchangers in the 0il/Gas Design. This table
gives the feasibility of replacement in column one and the type of feasible
exchangers in column two. Column three gives the estimated power output

of each replacement cycle. The estimated installed costs are given in

columns four and five, column 4 is AFI's estimated costs and column 5 is
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Item

12-1301
12-1302

12-1310

12-1340

12-1370
12-1313

12-1314

“12-1303

12-1304

12-1305

12-1306

‘Description

slurry vapor
air condenser

slurry vapor
water condenser

Hb separator
slurry feed
exchangers

_ Hp separator

slurry OH
cond. Hx

Hp separatok
slurry steam
gen.

Hp separator
vapor
Feed Gas Hx

Hp separator OH

vapor- steam gen.

Hp separator OH
vapor air
condenser

Hp separator OH
1iq. steam gen.

Table III - Summary of ORC Analysié

Feasibility

rejected -

rejected

rejected
rejected
rejected

rejected

rejected<.

~

Power Generated .

Installed Costs

Type KW AFT ($/KW) B & N
steam-air 500 . 1200 - 725
steam-air 1900 1200 . 650

" gas-air 5400 500

Remarks

Process

Process

" Process

Process
Process

Process

Process

Hx

Hx
Hx

Hx

Hx

Hx

Hx

6l-111



Ttem

12-1307

12-1308

12-1309

12-1315

12-1316

12-1317

12-1318

12-1319

1221320

12-1321

12-1322

12-1324

iDescrigtion

Hp separator OH
liq. air cooler

Hp separator OH
1iq. water cooler

Hp separator OH
Cond. H,0 cooler

Hp flash vapor
steam generator

Hp flash vapor .
air condenser

Hp flash vapor
water condenser

Ist IP flash vapor

steam generator

1st IP flash vapor

air condenser

2nd 1P flashAvapor

steam generator

2nd IP flash vapor

air condenser

LP flash vapor
air condenser .

LP vent gas
condenser

Table ITI - Summary of ORC Analysis

rejected
rejected
rejected
rejected
rejectgd
rejected
rejéctéd
rejected
rejected

rejected

. Power Generated Inéta]]ed Costs
Feasibility Type KW AFT ($/KW) B & N Remarks
Liquid-air 500 1200 625 Process Hx
+12-1307

Temp. too low

\

Process Hx

Output too

Output too
Process Hx
Output too
Froceés Hx
Outpui too
Output too

Output too

lTow

Tow

Tow

Tow

Tow

Tow

0¢-111



Item
13-1301

-13-1302

13-1601
13-1602

14-1305 .

14-1301
14-1302
14-1307
14-1303

14-1306

14-1401

14-1304

14-1308

Description

Dried vapor cooler

Recycle wash oil
preheater

Drier NHB:#]

Drier WHB #2 -

Hy. Dist. PA/

Lt.'Dist. Reboiler

Hy. Dist. PA
Feed Exchanger

Hy. Dist. PA
Steam generator

Fract. OVHD/
Steam generator

Lt. Dist. PA
Steam generator -

. Fract. Bottoms/

Hy. Dist. reboiler

Main Fact. charge

~ furnace

Fract. Bottoms/
Feed exchanger

NAPHTHA
air cooler

Table III - Summary of ORC Analysis

Feasibility

rejected

rejected

rejected

rejected
rejected
rejected
rejected
rejected
rejected
rejected

rejected

Type

liquid-air

liquid air

Power Generated -

Installed Costs

AFT ($/KW) B & N

KW
900 1200
600 1200

580

675

Remarks

Process

Process

Process

Process
Process
Process
Process

Process

- Process

Process

-Process

Hx

Hx

Hx

Hx

Hx

Hx

Hx

Hx

Hx

Hx

Hx

le-111



1tem

14-1315

14-1312.

14-1313
14-1314
14-1309
14-13]0

16-1302
16-1301

16-1303
16-1304

16-1307
16-1304

16-1308

Description
ATM. Bbttoms/

600 psig steam gen.

Fuel 0i1/150 psig
steam generator
Fuel 0i1/150 psig
steam generator

Fuel oil
air.cooler

OVHD. vapor-interm.

air cooler

'OVHD. vapor

air cooler
Charge heater

Feed-effluent
exchanger

Effluent air -
cooler

Stabilizer feed-
bottoms exchanger

Product air cooler

Stabilizer OVHD
air cooler

Product water
trim cooler

Feasibility

fejected

rejected

rejected

rejected
rejected

rejected.

rejected

Arejected

/
- Table III - Summary of ORC Analysis //
Power Generated Installed Costs
Type KW = AFT ($/KW) B & N Remarks
/ Process Hx
j/
Process Hx
Process Hx
liquid-air 1400 1200 590
Temp. too low
Temp. too low
Process Hx
Process Hx
gas-air 900 © 650
Process Hx
liquid-air 500 1200 - 725

rejected

Viquid-H,0

Output too low

+16-1307

ze-111 -



Item

16-1306
19-1301
19-1302
17-1301
17-1302
17-1303
17-1304
17-1305
17-1306
18-1301
18-1302
18-1303

18-1304

18-1305

18-1401

Description

Stabil}zer reboiler
Feéd effluent-HX
Effluent cooler
Gas/Gas Hx
Amine,coo]er

Amine exchanger
Amine condenser
Amine reboiler
Amine.reclaimer

Regeneration heater

‘Regeneration cooler

Methanation comp.
1st stage discharge

Methanation comp.
2nd stage discharge
intercooler

Methanatioﬁ
feed/effluent fix

Methanation
start-up heater

Table IIT - Summary of ORC Analysis

Feasibility
rejected
rejected
rejected
rejected
rejected

rejected

rejected
rejected
rejected

rejected

fejécted

rejected

Type

gas-air

gas-HZO

gas—Hzo

Power Generated

Installed Costs

KW AFT ($/KW) B & N
2500 610
1300 620

900 710

"Remarks

“Process Hx

Process Hx
Output too low

Process Hx

" Process Hx

Process Hx

Process Hx

€e-111
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Process Hx

Temp. too low

Process Hx

—
O

" Process Hx



FItem

18-1306
18-1308
18-1311
18-1402

18-1313

18-1315

18-1316

181314

18-1317
18-1318
18-1319
18-1320

Description

Methanation
circulating oil
boiler

Methanation
effluent air

‘cooler

Polish methanator

feed/effluent Hx :

Polish methanator
start-up heater

Polish methanator
air cooler

SNG compressor
1st stage discharge
intercooler

SNG ‘comp. 2nd stage
discharge cooler

Deethanizer comp.
1st stage discharge

“intercooler

Deethanizer cond.
Deethanizer reboiler
Depropanizer cond.

Depropanizer re-
boiler

Table III - Summary of ORC Analysis

Feasibility

rejected

rejected
rejected

rejected

rejected

rejected

rejected
rejected
rejected

rejected

Power Generated

Installed Costs

Type KN BFL ($/KW) B &N
gas-air 2200 570
gaseHZO - 800 780

Remarks

Process Hx

Process. Hx

Process Hx

Output too Tow

' . Output too low

p2-111

Output too low -

Temp. too low
Process Hx
Output too Tow

Process Hx



Item
18-1321
18-1322

20-1301
20-1302
20-1303

20-1601°
21-1601

21-1301
21-1602
21-1603
21-1302
21-1303"

24-1301

.'Deserigtioniih -

Debutanizer cond.

Debutanizer re-
boiler

Steam' superheater

Oxygeh preheater

Quench water air
cooler

Steam boiler
170 psia waste .
heat boiler
Boiler feed .
water preheater
40 psia waste
heat boiler

25 psia waste
heat‘boi]er

Shift gas
ajr‘coo]er.
Shift gas water
trim;cooler_".

Quench water
air cooler

. . Table III - Summary of ORC Analysis

Feasibility

Type

rejected

rejected

rejected
rejected

rejected

rejected

rejected
rejected
rejected

rejected

rejected

gas-air

gasfHZO

Power Generated

KW

Installed Costs

8200

AFT ($/KW) B & N

520

Remarks”

Temp. too .low

Process Hx

Process Hx
Process Hx :

Temp. too low

Process Hx

Process Hx
Process Hx
Process Hx

Process Hx

+21-1302

Temp. too low

S2-111



- Table III - Summary of ORC Analysis

- : ' Power Generated Installed Costs
Item Description Feasibility Type KW AFT (§/KW) B & N ~ Remarks
24-1302 Air/fuel gas HX #1 rejected ’ ‘ N Process Hx
.24-1303 Fuel gas-1200 psi rejected - ~ " Process Hx
steam generator o . -
24-1304 Air/fuel gas HX #2 rejected ' , ~ Process Hx
24-1305 - Fuel gas-150 psi rejected - Process Hx
- steam generator : ’ : :
24-1306 Fuel gas-éS psi “ rejected ' . Process Hx
. steam generator )
24-1307 Fuel gas air ‘ gas-air 7900 o 490
cooler :
124-1308  Fuel gas water gas-H,0 : | +24-1307
cooler , ‘
26-1302 Reboiler rejected ‘ . Process Hx
26-1351  Solution Hx rejected " Process Hx
26-1352 ‘ So]uiion cooler - rejected ‘ . o . Protess Hx
26-1353  NH3 stripper rejected : Process Hx
R condenser . ) L
26-1354  NH3 stripper rejected _ Process Hx
cooler
26-1355 NH3 stripper - rejected " A e Process Hx
reboiler - ‘

26-1356 NH3«condenser - rejected BEEN o T “ Process Hx

92-111
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Item = Description

32-1311 'CondenSer.

32—1312 Condenser
32-1313  Condenser
32-1315 Condenser
32-1316 Condenser
32-13f7 " Condenser

12-1323  LP flash vapor
air condenser

Total 110 Hx
18-Used

" Table III - Summary of ORC Analysis

Feasibility

Type

rejected
rejected
rejected

rejected

. rejected

rejected

rejected

Total

Less Hx Investment

Plus Cooling Tower Costs

Power Generated

Installed Costs

AFI ($/KW) B & N

KW
36,400 1200
-12,040,260 910

+ 2,300,000

985/ KW

o

560
230
300/K

Remarks
Process Hx
Process Hx
Péécess Hx
Process Hx
Temp. too low
Temb. foo low

Potential too low

[2-111

e
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the estimated coste from Reference 7. . The last column giVes reasons
for rejection of heat exchanger replacement.

The total results shown in page 27 of the table, indicates
that 36 megawatts of power can be generated. The costs for.the ORC. .
is estimated to be around $1200/KW using AFI's data and $560/KW using
the data from Reference 7. When credit is taken for the -replaced heat
~exchangers and an adjustment made for the increased cooling-tower costs
the AFI estimate drops to $985/KW and $300/KW for Reference 7 costs.

Although the AFI estimates indicate the current costs of ORC‘
for waste. heat utilization, the costs from Reference 7 indicate the
potential costs of the ORC given the appropriate demand. Given this
range it is therefore necessary to eerform a return on investment
sensitivity analysis to demonstrate the potential ROI for various

investment costs and selling prices.

4.1 DCF Sensitivity Analysis

“A disEOunfedAcash'f1ow ana1ys1s‘has been performed on Qaeying
sizes of ORC for d1fferent 1nvestment costs and e1ectr1c1ty exporting rates
and the resu]ts are shown in Figures 9 and 10. Figure 9 assumes a $025/KW hr
exporting rate esca1at1ng 8% per year for 10 years Figure 10 assumes N
a £.01/KW-hr exporting rate esca]at'lng 6% per year for 10 years. Assumpt10ns
used for the basis of this ane1yeis are in accordance w1th fhe Gas Cost
Guidelines used in the 011/Gas Complex and are shown in Append1x B. N

The cost curves of Figure 8 were used as a basis for this

analysis. The capital 1nvestment was taken d1rect1y from F1gure 8 for

curve B in Figure 9 (B and C), the most opt1mjst1c curve. The cap1ta1

investment for the pessimistic outlook, cur?es (A and D) was assumed to be a 100%
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increase in the curve of Figure 7. This analysis does take credit
for replacement heat exchangers.

The expected ROI for two ORC manufacturers is also given
in the figure. One is AFI at $985)Kw and the other is Sundstrand
Corporation, a 600 KW waste heat recovery ORC utilizing heat source
temperatures above'550°F.. The Sundstfand systems installed cost is

$800/KW, with a mass production.projection of' $400/KW.

5. Discussion of 'ORC -

The results énd conclusions presented here concerning Organic
Rankine Cycles are not necessarily (restricted) to coal cbnversion
plants but can be expanded to any inudstry in which low level heat is
being wasted. |

By replacing air coolers and water coolers with Organic
Rankine Cycles, waste heat can be utilized to produce useful electrical
or shaft power. A11 ORC presented in this report are within the realm
of technological development of ﬁahkine Cycles. In addition to AFI
Enérgy Systems and Sund§£r;nd's experience, many other U.S. firms have
applied con§1derab1e ef%ort to the deve10pmen; qf Organic ﬁaﬁkjne Cycles
for various applications. Table IV, not intendéd to be an all inclusive
1ist, gjves a ﬁqmmary of some of fhe companies working on ORC.

Most applications of the Organic Rankiné Cyc1e.are of a proto-
type nature at the present time and therefore cdéts.are substantially
higher than the estimates presented here. In some cases the'costs are
as high as $2000/Kw-$3000/Kw, but all manufacturers férgcast priée

declines given,the appropriate demand. AFI's and Sundstrand's cycles

3
o .

.....
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Manufacturer

o LY 0O N OO s W N

Aerojet-Liquid
Rocket

Barber-Nichols
Barber-Nichols
Fairchild-Hiller
Kinetic§.

Kinetics

Ormat

Sundstrand Aviation
Sundstrand Aviation

Sundstrand Aviation

. . Thermo-Electron

Thermo-Electron

Thermo-Electron

United Aircraft

United Aircraft

Table 1V

Expander Inlet

Type of Fluid Type of Expander Type of Application °F/PSIA Rated Power Hp
AEF-78 Turbine Automobile 650/1000 74.9
R-113 Turbine Solar Cooling 200/57 2.7
R-113 Turbine Solar irrigation 920/221 25.0
FC-75 Turbine Total Energy Plant 428/206 25.34
R-113 Rotary Automobile 375/355 47.0
R-114 Rotary . Solar Cooling 200/180 7.5
MCB . Turbine Power Pack variable 3.0
CP-25 Turbine Total Energy Plant- 825/195 134.1
Dowtherm A Turbine Power Pack 700/7 8.0
Tolvene furbine Waste Heat Recovery 550/300 900

-~ Fluorinol 85- _ Turbine Automobile 600/700 145.5
Fluorinol 85 Turbine Gas turbine 600/700

' ~ bottoming plant
Fluorinol 85 Turbine ~ Diesel engine 600/700 H 1,000
bottoming plant :

R-113 "~ Turbine Solar Cooling 200-375/70-340 4.3
R-114 Turbine Solar Cooling 250-275/250-400 8.0

0€-1I1
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are currently being sold at reasonable costs with satisfactory rates

of return given today's electricity costs.

These efforts and the efforts of numerous other companies

indicate the cost estimates presented here are certainly within the

time frame necessary for use in coal conversion plants.

6. Conclusions

Based on estimates and results presented in this report,

the following conclusions are drawn:

1.

THe Organic Rankine Cyc]e is én energy effective
to air and water cooled systems operating at
temperatures above 200°F. In the 0Qi1/Gas

Gmplex 36 megawatts of electricity can be

_produced in an energy effective manner through

recovery of the waste heat of air and water
coolers.

Incorporating Organic Rankine Cycles into coal
gasification designs will generate demand to
lower production costs and, therefore, enable

the oéc to become cost effective in a-variety of

other industries where waste heat is available.

-On a national level the energy savings potential

ijs incredible.
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7. Recommendations

. This report is a preliminary analysis which pinpoints 18
heat exchangers throughout the Oil/Gas Complex, in whf&h the rejected
heat is sufficient‘to generate over 36.Mw of powér'via O}génfc Rankine
Cycles. It is therefore recommended that current'manufacturérs be
conta%ted and steps taken to further engineer-and incérpqrate Organic

Rankine Cycles into the 0il/Gas design. -
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Appendix A

Sample Ca]cu]afidns

Rankine Cycle Power Qg;but

The High pressure Separator vapor a%r_condenser (12-1305) is used
as an example inlihesétééichat§bﬁ§ to illustrate the method .used in

determining possible power output bf the ORC.

Data
Heat Source Temp: 300°F
Heat Transfer: 123.3 X 106  BTU/Hr.
Mass Flow: 605,700  Lbm/Hr.

Assumptions

1. Boiler, regeneration and  condenser have an effectiveness
of 80%.

.Sample Calculations

The heat transfer in the boiler is 123.3.X 106 BTU/Hr.
Q8 = 123.3 X 106 BTU/Hr.
Assuming boiler effectiveness -of 80% the maximum cycle temperature
is about 270°F.
Tmax = 270°F.
Using the generalized curve of Fiéure #7; the Rankine cycle
efficiency is 15%. | |
y = 15%

Multiplying the heét source from the boiler with the cycle efficiency
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gives  the power output of the cycle.

P = yQg = .15 X 123.3 X 105
= 18.5 X 10% BTU/Hr.
= 5,420 KW

7,275 Hp
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Appendix B
1. Cost Analysis

The replacement rankine cycle for the air cooled system (12-1305)
is used as an example for the cost ana1ysfs preéented in this paper.

The installed cost of replacement rankine systems is estimated
from the curves of Figure 8 using the estimated power output and cyclp
temperature ca]cu1atéd in Appendix A.

P 5,400 KW

out

Tmax

From Figure 8 the installed cost is found to be $500/KW

270°F.

IC = $500/KW .
Sincé the total output possib1e(is'5,400 KW the total installed
cost is easily found. |
(IC)T = $500/KW X 5400
= $2,700,000
Additional cost resulting from enlarging coo]ing tower capécity
is estimated from}data given in Reference 10.
Cooling Tower Costs = $76,400
Heat‘exchahger costs were obtained from Reference 13.
. HxCosts = $540,380
Thejnet cost is found by adding the ORC 1nsta11ed'cost“p1us the

cooling tower costs minus the heat exchanger costs.

Net Cost = $2,700,000 + 76,400 - 540,350
= $2,236,050
or  $415/KW

[N
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2. DCF - Sensitivity Analysis

A discoﬁnted cash flow analysis was performed for various
capital investments and rates of electricity. The following is the
assumptions used in constructing the curves of Figures 9 and 10.

A1l Curves | |

1. 20 year prbject 1ife
Double-Declining Balance Depreciation
48% federal income tax

$.003/KW-hr operation and maintenance costs

A H W N

8400 Hrs/year operating

Curve A - Pessimistic outlook

1. Capital Cost based on 100% increase of Fig. 8 with
credit taken for replacement Heat Exchaqger

2. Exporting rate for electric power is ‘$.01/KW-hr escalating
at a rate of 6% per year for 10 years

Curve B -.Optimistic Qutlook

1. Capital Cost based on Fig. 8 with credit taken for
replacement Heat Exchanger

2. Exporting rate for é]ectric power is $.025/KW-hr escalating
at a rate of 8%/year for 10 years

Curve C

1. Capital Costs based on Fig. 8 with credit taken for
replacement exchanger

2. Exporting rate of $.01/KW-hr escalating at a rate of 6%/year

for 10 years
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Curve D \
1. ‘Capi£a1 Costs based on 100% increase of F%g. 8 with credit
taken for reblacement exchanger
2. -Exportihg rate of §.025/Kw-hr escalating at a rate of 8%/year

for 10 years.



DCF-Rate of Return %
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| © -Sundstrand Unit 600 Kw=$800/Kw
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~ Basis forcurves given in appendix B
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FIGURE 9. RATE OF RETURN VS CYCLE SIZE
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14/KwH escalated 6% for 10years

© - Sundstrand Unit.600 Kw - $800/Kw
@- AFI Unit 1000 Kw - $910/Kw
Basis for curves given in appendix B

Curve'C

. e\
j_f — . Curve A
AT 1 111 L [N WU WS 0 T I

1,000 10,000
Umf Size (Kw) : |

FIGURE 10. RATE OF RETURN VS CYCLE SIZE
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ABSTRACT

This study examines an alternate system to cool an ethane gas
stream from the fract1onator in Unit 18 of the Parsons 01T/Gas Comp]ex

5 Btu/hr of energy or 25 short TPD of

This alternate will save 2.6 x 10
}coa1 which is a fraction of a percent of the 36,000 TPD of coal used in
the 0i1/Gas Compiex. The installed cost of the alternate system'ie |
$151,000 with an operating and maintenance cost of $7550/yr Aésuming
a 20-year life, 9% interest rate on borrowed cap1ta1, and an electricity
cost of $;025/Kw-hr, the Life Cycle Cost of the new system is-$179,000
over a 20-year period which shows that more money is spent:inste11ing

new equipment than is realized from electricity savings. Using a Dis-

counted Cash Flow Analysis, the Return on Investment is 0%.
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INTRODUCTION

The de-ethanizer condenser (Unit 18-1317) in the Parsons 0il/

Gas Complex cools an ethane gas stream from 53°F to 26°F. The -cold side

stream of this condenser is -40°F propane. The heated propane is piped -

to a storage tank, and a refrigeration unit maintains the tank at -40°F,

Therefore, the heat added to the propane must be transferred from -40°F
to ambient temperature (100°F) by the storége tank refrigeration unit.
. The purpose of this study is to determine the energy savings

resulting from a refrigeration unit to cool the ethane gas stream from

53°F to 26°F.
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ENERGY SAVINGS FOR THE ALTERNATE REFRIGERATION SYSTEM

Assuming an effectiveness of .8(7)'for the evaporator, tﬁe
Eequired evaporator temperature is 19°F for the alternate refrigeration.
system to cod] the ethane stream from 53°F to the required 26°F. This
"~ results in a higher COP than the present system which must transfer heat
from a -40°F reservoir. From Appendix A, the actual COP for the alter-

‘nate system is 2.55 and for the required refrigeration effect of 1.3 x 105

9). ‘The'pfesent system has

Btu/hr (see Appendix B), 200 Hp is required(
a calculated COP of 1.7 and for the same refrigeration effect requires
302 Hp. Therefoke, the power requirement for the alternate refrigeration

system is 102 Hp or 76 KW léss than the present system.
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ECONOMIC ANALYSIS

The savings in electricity for é 76 KW reduction in power
for the alternate system is $15,050 per yéar or $301,000 over 20
years assuming an electricity cost of $.025/Kw-hr(]0); The installed
cost of the alternate system is $151,000 and annual operating aﬁd
maintenance costs are assumed to be 5% of the installed cost or $7,§50.
:If the capital is borrowed at 9% the Zd-year 1ife cycle cost is 5$179,000.
The calculations and assumptions for computing the 1ife cycle cost are
given -in Appendix C.

A discounted cash f]ow'analysis was also perfokmed. For the
investment of $151,000, a rate of return oqu% is obtained. The ‘

basis for the DCF ana]ysiérare given in Appendix C.
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CONCLUSIONS

For a capital investment of $151,000 and an annual operating
and maintenance cost of $7,550, 601,920 KW-hrs, or $15,050 of electricity
are saved annualy. - This represents a 0% rate of return on investment,

and a life cycle cost of $179,000 over the 20 year 1ife.
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APPENDIX A

COP Calculations

For the refrigeration effect required, 1.3 x 106 Btu/hr (from
Appendix B) and the work input of 200 Hb (5.1 x 105 Btu/hr) given by

reference 9, thé-a;tua] COP.is:

COPy = —

1.3 x 10% Btu/hr

5.1 x 10° Btu/hr

2.55

Since the only data known for the present refrigeration system'
6

is the heat.Toad (1.3 x 10" Btu/hr), .ambient temperature (100°F), and .
storage tank temperature (-40°F), the-theoretical COP will be adjusted
using a rule of thumb to arrive at a realistic value. The coefficient

of performance can be written:

To determine a realistic value of the COP, 20°F is subtracted
from the low temperature reservoir or TL = -40° - 20° = -60°F = 400°R.

20°F is added to the high temperature reservoir, T, = 100°F + 20°F =

H

580°R, and to account for inefficiencies, the COP is multiplied by t75.
This can be written:
400°R

cop, = .75 = 1.7,
 [580°R - 400°R
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APPENDIX B

Calculation of the Heat Load, Evaporator. Temperature and Refrigeration

Work

The mass flow of the gas stream to be cooled , the components,

and the entering and exiting temperature dnd‘pre$suﬁe'are tabulated be-

Tow.

With this information the heat load .or refrigeration effect can

be calculated. From the first law of thermodynamics:

where:

Q

m

Q=g (8hy) + iy (8hy) + ms (any)

refrigerating effect (Btu/hr)
mass flow (1b/hr) '

Ah = change in enthalpy (Btu/1b)

The following table shows the components'of'the ga§ stream, their percent

composition, respective mass flows, h],'hz, Ah and Q from each gomponent(s).

CHEMICAL PERCENT MASS FLOW ENTHALPY ENTHALPY Ah . Q=
COMPONENTS | COMPOSITION | (m) 1b/hr (h1) Btu/1b (hZ) Btu/1b h] - hy m(Ah) Btu/hr
Methane 5.6% 5,849 - 1544.3 - 1558.9 14.6 - 85,395
(CH,) |
Ethane 66 % 68,934 - 844.9 - 856.8 11.9 820,315
(C,He)
Propane  28.4% 29,245 53.7 40.4 13.3 388,959
(C4Hg)
TOTAL 1,294,669
HEAT
REJECTED
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Enthalpies are based on the fo]]owing'temperatures and pressures:(4)

53°F ; P

"T{ 1 216 psia

T, = 26°F ; P2 = 211 psia .

The refrigeration effect required is:

Q= 1.3 x 10° Btu/hr.

Evaporator Temperature Calculation

Assuming the effectiveness of the evaporatorto be € = .8, we
have:
_h-T
-T

g = 53°F - 26°F
B M

- [
or TL 19°F.
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Refrigeration Work Regquired

Using the values of COP determined in Appendix A the work load
of the present refrigeration unit can be determined by using the defi-

nition of COP.

1.3 x 10°

1.7

Btu/hr

5
= 7,7 x 10 Btu/hr

=
n

302 Hp.

5

For the alternate system the work input is given as 5.1 x 10 ‘Btu/hr(g).

~ The energy saved by installing the alternate system is:
7.7 x 10° Btu/hr -'5.1 x 10° Btu/hr = 2.6 x 10° Btu/hr (76 KW)

Assuming the coal.used in the 011/Gas Complex has a heating

value of 12,125 Btu/1b§1). this presents a saving in coal consumption of:

5 : . o
2.6 x 107 Btu/hr - ~
537175 Btu/hr (2% hr/@gy&V .515 1b/day 1/4 short ton/day (TPD).

This is only a fraction of a percent of the 36,000 TPD(1) used in the

entire complex.
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APPENDIX C

Economic Calculations

Life Cycle Cost

The electricity cost savings over 20 years, with 330 full stream

days/yr(1), and assuming electricity costs $.025/KW-hr 1s:(TO)

(20 yr)(2.6 x 10° Btu/hr)(2.928 x 10°% KW=hr/ge ) «
(330 day/yr)(24 hr/day)($.025/KW-hr) = $301,467

" Savings = $30i,000.

The cost of equipment, installation, operation, and maintenance
for the alternate refriger§t1on system is based on the following assume
tions:

" 1) Interest rate on borrowed money is 9%.

2) 20-year life with no salvage vaIué(1).

3) Installation is 40% of equipment ;pst(3).

4) bperational énd Ma%ntenancé'ié 5% of 1hsta11éd

cost.

?

The following lists give design specifications and equipment
costs of the de-ethanizer condenser to be removed and the new refrigeration

system to be installed.

De-ethanizer Condenser

‘Ttem number: 18-1317(1)

6

Heat Load: 1.3 x 10° Btu/hr

surface Area: 1,230 ft2 (1)
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Insta]]ation.Cost: $24,000(1)

A]térnate Refrigeration System

6 Btu/hr (110 tons)

Heat Load: 1.3 x 10
Power requirement: 200 Hp(g)
COP: 2.55 ‘

. Evaporator Temp.: 19°F

Ambient Temp.: 100°F
Equipment Cost: $125,000(%)

The total installed cost of equipment with credit taken for the existing

condenser fs:~».
$125,0b0(1.4) - $24,000 = $151,000

If this money is borrowed.at 9% interest, the uniform annual payments

(8)

for the 1oanlusing the Capital Recovery Faétor‘(CRF) are:
5151,006(;%095)‘= $16,535/yr
Annual operation and maintenance costi{s;- |
$151,000(.05) = $7550/yr.
The tqta] cost of insta]]atién, m;iqtenaqce and.opgratidn is:
- $16,535 + $7550 =.$24,085/¥r
Therefore, the total cost over 20 yeérs}is;

$480,000.
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The Life Cycle Cost (LCC) is the total saving - the tofaI‘costs, or in
this case: Tl e e e

$301,000 - $480,QOO = -$179,000.

Discounted Cash Flow Analysis

With a cost of electricity of $.025/Kw-hr;‘éabitéiicost of
$151,000, net cash flow of $7,523, and the assuﬁptisns beiow, the rate
of return on investment can be ca]cu1§ted; | | | u

Assumptions: S

1) . 20 year project 1ife -
2) 16 year SYD depreciation (sum-of-year-digits) ..
3) 0% tax rate sinée the revenues result in
2 decrease in efeét}iéﬁfy use
.. - 4) . No.investment :tax credit
5) 100%.equity - -

The discounted cash flow formula is giygp as:

N o .
C.=1 Ca
0 n=1 n
(14r)
where:
‘Co is thé-tapitaT cost -
C, is the annual net cash flow

N s the‘project 1ife”
r is the rate of return::

For this problem we have:

Co

Ch

$151,000

Annual revenues from savings in electricity -
annual operation and maintenance costs
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= $15,073 - $7,550
$7,523
N =20

Solving for the rate 6f return, r.by.inte?po]ating, we get:

r = -,04% orr = 0%
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ABSTRACT

This work examines theiféaSibi1ity 6f mechanical deep cleaning
of coal where the cleaned coal would be used for direct combustion and
the rejected portion would be used in a coal gasification plant. To
make. this feasible, the reduced thermal efficiency from gasifying "dirty - )
coal" must be offset by the reduced énergy requirement for.the flue gas
desulfurization system.

Our study indicated, for the coal being considered for the -
Parsons 0i1/Gas Complex - I1linois No. 6 - the energy saved by rediced
flue gas desulfurization was approximately equal to the energy lost from
gasifying the dirty coal. The methodology for this study is presented in:
such a way that other coals - particularly a high paritic:sulfur content -

could be studied.
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Introduction

The purpose of this investigation was to examine the feasibility

of deep mechanical cleaning of coal prior to combustion. The rejected frac- -

tion of coal would be directed to a gasification process: We believe that ~

energy cod]d be saved by employing this concept in commercial sized gasi-
fication designs. The concept was applied to the 0i1/Gas Complex designed
by Ralph M. Parsons Company]. Quantitative resu]tS'frdm'this'speCific case”"
were obtained to test our hypofhesis.
| We had hoped that the clean fraction of coal could be fired -
without additional clean-up of stack gases. This would alleviate the
problem of meeting increasingﬁy stringent emission standardss. The
sulfur would be concentrated in the rejected (or dirty) coal feed to the
gasifier, and eventually be reduced to elemental sulfur.
The overall energy efficiency of the proposed‘desigﬁ was
evaluated. Consideration was‘given to the reduced efficiency of gasifying

"dirty“ coal as well as the increased efficiency of directly combusting

a portion of the coal.

‘The Proposed System
» The addition of a deep cleaning and boiler system is the major
_ alteration required in the proposed design. A sketch of the design is

provided in Figure 1. The details of each of the processes involved

will be discussed.
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Clean Coal . , Process Heat - N
7
' Boiler
Raw Coal | specific

Gravity . . " Pipeline Gas .

Separ. 7
Low Grade Coal HZS’ Ash

: Gasifier : \

7
Figure 1

SCHEMATIC OF PROPOSED SYSTEM

The Deep Cleaning Unit

| Deep cleaning involves the mechanical separation of raw coal
to obtain a high grade coal (low sulfur and ash content). This pro-
cedure,has'been.impractical for conventional uses because of the low
recovery rate of clean coal. However, no real pehalty.for Tow recovery .
rates exist in'this application since the remaining coal is directed to
a gasifier rather than being'diséarded.

The.deép cleaning is done,by Specific Gravity Separation to
deep clean the raw coaf. This Specific Gravity ‘Separation was chosen be-
cause of the availability of washability data. This method is also one
of the best in terms of the quality of the clean coal recovered 2’3.
Studies performed by the Bureau of Mines4, indicate that the degree of

washability is a function of the specific gravity of the float medium
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used. As the specific gravity of separation decreases, so will the
pyr1t1c sulfur, ash, and the recovery rate of -clean coal.

| As the crushed coa] enters the separat1on vessel, the heavier
particles containing pyritic sulfur'(spec. grav. = 5.1) will s1nk The
lighter clean coal (spec. grav. = = 1.2) will float. " The" c]ean coal s
screened off the top of the 11qu1d to be fired in a convent1ona1

boi]er The d1rty fract1on is used as feed for the' gas1f1er

The Clean Coal Boiler

A.cohventiona1 boiler is usedfinvthe.propdsed design to burn
the recovered coal. Because the sulfur content in the clean coal has
been reduced, less energy is required for flue gas desulfurization to

meet the EPA emission standardss.'

The Gasifier

- The design.of the gasifier.was based on the Bituminous Coal
Research work on the Bi-Gas pilot plant at Homer City, Pennsylvania.
The operating parameters (pressure; temperature .and flowrate) specified:
in-the Parson's: Report on the 0il/Gas Complex were used in this
study.
Since the reduced concentration of fixed carbon, decreases
the product*yie1d, conversion. efficiency of the gasification reaction

is reduced by using "dirty" coal.

¥, l,)_:‘i. )



V-8

Procedure

| The proposed design was evaluated on the basis of its overall
energy efficiency. The overall energy efficiency is calculated as the
energy ultimately derived from the system divided by the heating vafﬁe
of the coal feed to the system. The coal type used throughout the “
analysis was "I11inois No. 6" because the 0i1/Gas Complex Waé .
designed to process this coal typez. The specific analysis fof this |
coal is shown in Table 1. The fraction of coal recovered from the
specific gravity separation, and the composition of fhe'"clean" and
"dirty" splits are computed by extrapolating washability data compiled
by the Bureau of Minesg. Figqures 2 through 5 were generated from this
data and re]até the coal recovery rate to the sulfur, ash, carbon
content, and heating value of the clean coal.

At a specified recovery rate the composition of the clean
coal is set, and can be obtained from the curves. A mass balance is
done to obtain the compogition of the dirty coal. These newly
determined compositions are used in. the subsequent efficienéy calculations.

The clean coal heating value is obtained from Figure 5. This
enhanced heating value is used in all boiler calculations. A boiler
. efficiency of 85% is assumed in the calculation of the clean coal
contribution to the total energy output. The treatment of the stack
gases by FGD entails an energy penalty of 8% of the heating value of
the feed coa16, This penalty is appjied in proportionlto the perf'
centage of.gtack gas requiring tfeatment'to meet EPA ehission sfandards.

This percentage is found by comparing the EPA standard of 1.2 1bs SO2



Table 1

Proximate Analysis of I11inois No. 6 Coal

Moisture 2.7
Ash o | 1.8
Volatile Matter o 39.7
Fixed Carbon S  45.8
. _ 700,00

| Ultimate Analysis of I11inois No. 6 Coal
Element =~ - Wt %

(O S : 70.69 .
H 4.98
N 1.35
0 8.19
S 3.51
Trace Minéra]s* ) - 11.28
. : 100.00 .

| *A detailed ané]ysis of all trace components i$ shown in Appendix B.
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per MMBtu with the conteni of SO2 in the stack gases. The specific

. amount of treatment was found in accordance with reference 7. (See
sample calculations for details, Appendix A.) The following équation
'_is used in determining the boiler unit's contribution to the production

’ﬁqf useful energy.

Boiler Energy = HHV (.85 - .08 [fraction FGD Treatment])

The effect of gasifying dirty coal was also considered in this
analysis. With the aid of the computer program: "Equilibrium Model of
Gasificatioh", the efficiency of the gasifier, operating at 1700°F and
1000 psi with the dirty coal was obtained(8).

The summatidn of the energy generated from the boiler and the
;énergy content'of the gasifier product fs made. This total energy from
:the sysfém is divided by the héating value of -the original coal input,
yielding the ove?a]] energy efficiency.

The entire procedure was iterated fromseveral recovery rates.

Results and Discussion .

. The overall energy efficiency over a range of coal recovery
rates has been calculated for the proposed combustion/gasification systeh.
Figure 6 summarized these results. No significant variation in efficiency
exists among various recovery rates. The energy penalty of FGD had
some influence on the results. A larger impact was felt from computed
values for gasifier efficiency. These were higher and more stable at

various feed compositions than originally believed.
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Figure 7 is a curVe gummarizing the effect of recovery rate

(i.e., degree of cleaning) on the gasifier effiéiency. "The graph indi-
cates that the gas1f1cat1on eff1c1ency is insensitive to change in
coa] compos1t1on This s1tuat1on is’ rationalized if one observes the -
changing rate of steam and oxygen injection. The computer program used
is an equilibrium model that optimizes these parameters for given feed
compositions. Thérefore, the gasification efficiency tends. to be in-
elastic with respect to feed composition.

| The efficiency for gasifying raw coal (69%), is not §ignifi-
cantly different from direct combustion efficiency (78 - 85%). Conse-
quently, even at the optimal recovery rate (i.e., degree of cleaning),
the system efficiency has no great advantage over the present gasifi-
cation system. The optimal recovery‘réte is represented’as‘the relative
maxima in'Figurelé. "It is observed that 73% 1s.not vastly different
from the raw cba] gasification efficiency of 69%, when one recognizes
that error of approximately 10% is inherent in this study. Thérefore;
installation of the proposed system can not be recommended for commercial

gasification projects.
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Accuracy and Sensitivity

- Several sources of error can be identifiedeithin this study.
Numerous assumptions anﬁ approxfmationS'were made. For convenience,
these are listed below. The impact they have on the results of this
1nvest1gat1on is considered as part of a sens1t1v1ty analysis which
follows in Table 2. |
1) Direct fired boiler efficiency of 85%.
2) Ffue Gas Desulfurization energy 'requirements are 8%
of the heat input to the boiler.
3) Energyvrequired for coal grinding is negligible.
" 4) Gasification reaction approaches equilibrium
.conversion rate.
‘?5) DbWﬁstfeeh processing steps treating the gasifier
“ eff]uent’@ere unaffected.
Recognizing these limitations, an error of + 10% can be
expected in these ca]eulétiohs; It should be noted that I1linois No. 6
coal was used as a basiS‘throughout this study. Other coal types may have
characteristics that would alter the evaluation. Beneficial characteristics
- include ease of washab111ty, h1gh fixed carbon compos1t1on and Tow
sulfur and ash content. \
The gasification program used to d1scern gas1f1er efficiency
is an equilibrium model 8 It does not exactly convey continuous operat1on
results. The disparity here was believed to be small, however the
surprisingly high gasifier efficiencies predicted by the model deserve some

serutiny. It is this factor.which forced the retraction of the original
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TABLE 2

Percent Efficiency Change for
a 10% Change of an Individual Parameter

Parameter Name - " Change in

[10% Change] Value . System.Efficiency
Boiler Efficiency 85% o 1.2%
FGD Rate . 8% » 0.2%
Recovery Rate 60% 1.5%
Carbon Content of ,
Gasified Coal 59% 0.4%
Gasifier Efficiency 69% 8.3%

‘The highest change of 8.3% on total system efficiency of 10%
change in the.assumed boi1er efficiency indicates that this

parameter has the most significant effect. On the contrary,
the lowest change of .2% of the FGD energy.consumption shows

the negative sensitivity of this parameter.
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hypothesis. Observing that the results are very sensitive to the
gaéifier efficiency, an error in these values could greatly influence

:the*re;uj;é of this entire evaluation.

Cdﬁélusionstand-RecommendatiOns , ,
l.. The’ proposed combustion-gasification system should not
be.applied in commercial sized gasification designs.
2;"0ther coal types should be considered to evaluate the

impact of coal characteristics on: the system.
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APPENDIX A

" sample Calculations.

Following will be a sample of the calculations required
to obtain a value for the overall efficiency of the proposed system.
The case of 40% recovery of clean coal in fhe separétion unit is

used below. 'Thé pfocedure gbp]1e§ atiany'recovery'fate;

1. Recovery rate of 40% 1§'dhbsén,' 4 o
2. From Figures 2 through 5 the composition of the

clean coal is determined.

S - 2.5%

T Ash +3.%
C - 67%

Heating Value - 13,650 BTU/1b
3. By mass balance the composition 6f the dirty tba]u_.
is calculated. Initially the raw coal composition

is given as:

S - 3.5%

Ash - 11.8%
C-70.7%
HV - 12,172 BTU/1b

Choosing a basis of 100 1bs of raw coal, the dirty coal

composition is easily derived.
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.035 - .025(.40) _
60

0118 - .031(.40) .
Ash: 60

. .707 - .67(.40) _ -
C: =2 .73

‘And via energy balance.

12,172 - 13,650(.40)

HV: 0

= 11,187

The boiler calculation is done assumfng 85% efficiency
and penalty of 8% for stack gas clean up. AThe ambﬁnt
".of gas needing treatment mgst first_be determined.
From Figure 2b the coal directly fired.at 40% recovery
does not meet EPA emission standards. The amount of

gas treated is calculated by:

<7 = 302(1 - ¥ns)
B Q Boiler
where X = fraction of flue gas treated
STD = 502 emission regulation 1b/106 BTU (1.2)

R = scrubber efficiency (80%)
SO 1b of 502 in
2 .
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5. The contribution to total energy from the boiler is

1

found by the equatibn:
Boiler Energy = HHV (.85 - 0.8 [% FGD Treatment])
In this case

Boiler Energy =13,650 (.85 - .08[.45])

=11,111.°

6. The contribution from the gasifier isvcohputed by
multiplying the given gasifier efficiency by the

heating value of the dirty coal feed.=
11,187 x .66 = 2384
7. Oyerall'Energy Efficiency

(11,1171).40 + 7384(.60)

12172 . 73%
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ABSTRACT

This report develops a methodology for ;a]cu]ating and evaluating
the increased‘work potential possible from high pressure steam generation
in waste heat boilers. This methodology is gpplied to the Ralph M. Parsons
commercial. concept of the 0i1/Gas Complex. Implementation of the proposed
scheme would result in an export power increase of 7.7 MW which is a 4% |
increasg of the 210 MW generated by the 0i1/Gas Complex at.a cost of
$2110/KW. | '
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Introduction

This report develops a methodology for calculating and evalua-.
ting the increased work potential possible from h1gh pressure steam
generation in waste heat boilers. The methodoTogy is,appljed.to the
Ralph M. Parsons commercial concept of the‘Oii/Gas Cbmp]ex1. |

Operating steam generators at higher‘pressures thaﬁ steam
users allows for work to be extracted by.depressurization. Topping
turbines can be used to bring the pressure down from the generation
pressure level to the user pressdre Tevel. However, higher boiler
operating pressures and additioﬁai furbine5~require a higher'capital
investment.

A

Method of Approach

‘Use of a steam balance format simplifies the approach (Fig. 1).
Headers were drawn to represent a]i‘steam géherétion and user p}essure'
levels and condensate. Steam generatdrs were drawn above the corresponding
headers, while users are drawn below these headers. Generators and users

are labeled with their corresponding equipment numbers and steam mass

flow rates. Heat exchanger gas mass flow rates are shown, as well as

the gas inlet and exit temperatures. .
Heat exchangers are then evaluated on an individual basis
to determine if steam at the next highest incremental pressure can be
generated. The results calculated (Appendix A) are shown in Table 1.
Two approaches are used to determine if higher pressure steam
can be generated. The first approach is to hold the heat transfer

constant, and evaluate the effect on the steam mass flow rate and the
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2000  [522,340 a9 - lao.1ro PA28SKL | 630 2000 [1.079.68 ----- 5 I R B AT, acceptable; not possible
124-1305 15 159,292 |63 | ------ [38,500 | -ceme | --ee- 600 | -eooee- U DU R 600 65.860 | ~cooee]| cmeee | ccoee foiie not possible; m to low
24-1306 25 87,155 | 36 18.3 |61,360 ) oo | -ooe- .50 84,435 9 U SN [m—— 0 47,325 | --—- ATp to low; mg to Tow
Ps = steam generation pressure | Atot = tofal area of heat exchanger ) -
@ig = steam flow mat'l = heat exchanger materials = SHip o Shell/qypeg
A‘rp = pinch point temperature dif_ference Te = exit temperature of heating stream

Ug = over-all heat transfer coefficient of boiler section €S = carbon steel

SS = stainless steel

TABLE I
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"pinch point" temperature differential - the minimum temperature
difference befween the exchanger heatihg stream and the saturation
temperature of the steam being generated. The heat exchanger érea is
then calculated. _

In the second épproach, the "pinéh point" is set at 50°F, a
common design point, and the effect on the steam mass flow rate, the
heating stream exit temperature, and the exchanger area are found.

WhiTé considering increasing the‘operating pressure of the
heat exchangers, two requirements were set. First, the new mass flow
rate of the steam must be within - 30% of the former steam mass flow
rate. Second, the "pinch point" temperature differential must be a
minimum of 36°. Also, the highest incremental steam pressure possible
(up to 2000 PSIG) was of course chosen. When it was possible to re- -
place an exchanger with either scheme, the total heat transfer held
constant or the "pinch point" held at 50°, it was decided to keep the

heat transfer constant wherever possible. This avoids any possible

complications from the heating stream outlet temperatureArising

b

excessively.

The replaced exchangers are shown in Table 2. (Thé exchanger
_costs were found as shown in Appendix B.) The total installed cost of
the existing exchanger is found by multiplying the heat exchanger area
by the cost per unit area. The total installed cost df the.replacement
exchanger is found thé same way. The difference between these two costs
is the "A installed cost". The total increased capital investment in

heat exchangers, then, is found to be $12,555,020.



Table 2

. Exchanger Costs

, q——;—low pressufe >l ¢ vhigh pfessure —
‘Area' " Cos ‘Cost Area Cost - Cost -A Installed

Item # | {ft?) ($/ft°) | (%) (ft2) ($/t2) ($) - Cost
12 -1314 42,680 78 3,300,000 | 64,050 - 105 | 6,725,000 | 3.425000
12-1315 456 17.6 8,000 510 35.9 18,300 10,300
12-1318 230 17.6 4,000 290 . 35.9 10,400 6,400
12-1320 200 17.6 3,520 132 359 4,740 1,220
13-1601/217] : _ L

a1/61  |5400(x4) 135.9 775,000 | 5,944(x4) 15 2,734,000 | 1,959,000
14-1315 43,860 36 1,579,000 | 74,835 a8 3,592,000 | 2,013,000
18-1306  |11,700 60 702,000- | 15,430 82 1,265,000 563,000
24-1303 55,000 480 26,400,000 | 49,170 630  [30,977,000 | 4,577,000
A insta]]e& = $12,555,000

cost total

6-IA
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Table 3 shows the "accounting" of the new steam balance. The
column headed "1bs/hr needed" indicates the shortage of steam at the
1nd1cated pressure due to generat1ng the steam at a h1gher 1eve1 The
column headed ”1bs/hr generated" des1gnates the steam now generated |
at a higher level.

Figure 2 demonstrates how power can be generated by ut111z1ng‘
the higher pressure steam. The steam is expanded through a turbine and
extracted at the 1eve1s required to rebalance the system. The turbine..
in Figure 2, however, would be prohibitive in terms of cost due to the
complexity of controls in such an induction-extraction arrangement.

Figure 3 shows how the arrangement of Figure 2 can be imple-
mented by utilizing six segarate turbines. The costs for these turbines
- are given in Table 4. The costs for the corresponding generators is
also shown. The power outputvof the generator was found as shown in
Appendix C. Thus, the total generator output of 7760 'kw cost $3,815,600

for turbine and generation equipment, and $12,555,000 renresents the
increase in total insta11ed'cost of the waste heat boilers (Table 2).
Thus, the proposal to generate steam at a higher-pressuretresu1ts in a
7760 kw power increase at a cost of $16,370,000 or $2110/kw.
The steam utility flow sheet revised to show the imp]ementation

of the higher pressure waste heat boilers and additonal turbines is shown

in Figure 4.
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_Table 3

- Steam Balance.

Unit # PSIG | ]bs/hr needed PSIG ]bs/hr generatgd
12-1314° 600 ~ | 252,900 900 | 255,000
12-1315 50 9,422 150 © 5,041
12-1318 50 3,140 .150 2,250
12-1320 50 2,141 150 1,613
13-1601/21/41/61 150 21,900(x4) 900 15,465(x4)
14-1315 - © . 600" | 111,630 900 | 112,520
18-1306 . 1200. | 143,650 1500 | .. 147,543
24-1303 1200 497,680 | 2000 | 522,340

A turbine operating under the following conditions would satify the

above requirements:

PSIG Min Mout
.| 2000 522,340
11500 147,543 .
1200 641,330
900 429,380
600 364,530
150 78,700
50 14,703



429,380

Figure 2
STEAM BALANCE

/(18,700 )

641,330 )~

T

7760KW

cL-IA



3585KW

1417KW

150

- Ve
. Figureg-i3f

347KW

2055KW

GENERATION SCHEME

306KW

545

EL-IA
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Table 4

Turbine and Generator Costs

' Turbines* Generators**
HP /KW Installed Cost Installed Cost '
1)  4805/3585 $1,200,000 430,200
2)  465/347 525,000 41,640
3)  410/306 . 250,000 - . 36,720
4)  1900/1417 425,000 170,000
5) 2755/2055 250,000 246,000
6) _730/545 175,000 65,400
Total 11,065/8255 2,825,000 990,600

- Total turbine and generator installed costs = $3,815,600
Total power output = 8255 Kix 94%(8) = 7760 KM

%*
Appendix C

**Based on an $80/KW quote  10% for generators in the range shown,
plus 40 - 50% for.gear reduction equipment. (Reference 8.)
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- CONCLUSTON

- Imp-l'ementatibn of the scheme shown in Figuré II
results in é'7760 KW power generation increase, at a total

cost of $16,370,000.
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APPENDIX A

SAMPLE CALCULATION

he ,
l L [
' R J .
Economizer boiler T

Tfﬂa l'i'l]
F‘_‘AM‘M_'
T3+ B
_4--___/\/v~vxﬂ¢w~¢\_
‘ = 75 steam

,'“boﬂer —*‘ econ-*l

12-1314 From the flow diagram (R-12-FS-1):
T, = 632°F at = 254.892 MM Btu/hr
T'I.3 = 550°F m = 6,193,944 1b/hr
~PS = 600 PSIG

;
From the equipment specifications (Section 13):

= 2
Atota1 = 42,680 ft

The following is an analysis of the existing exchanger.

From steam tables:

600 PSIG Steam: _ hfg 727.9 Btu/1bm
©h 475.8

f1
228°BFW: . hf2 = 196.3
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The mass flow of éhe steam is found:

at . 254.892 x 10° Btu/hr

_ 5.
T 727.9 + 475.8 - 196.3 Btu/Tbm - 2:93 x 1071b/hr

The heat transfer in‘the boiler section is:

3 °

dg = Mg heg = (2.53 x 109 To/hr (727.9) Btu/lb = 1.84 x 10° Btushr

The heat transfer in the economizer is:

Gg = M. (hey = hey) = (2.53 x 10%) 1b/hr (475.8 - 196.3) Btu/Tb = 7.08 x 10 Btu/t.
The average specific heat of the heating stream is:
. 6
. -qt - 254.892 x 10~ Btu/hr - o
% T maT (6,193,944) Tb/hr (632 - 550)°F - 0-5 Btu/lb °F

The temperature-length profile is:

T _
‘ 632° LTDB = 82° é

% | LMTDg = 110°

. o = o

4900._&_\\’ 550 6T, = 142

‘ s LTD, = 82°
L LMTD; = 180°

6TD. = 322°

E



VI-20

The overall heat-transfer coefficient of the economizer, UE , Was

assumed to be 30 Bty -

2

hr - ft© - °F

The economizer area, then, is:

9 7

. 7.08 x 107 Btu/hr 2
A, = = 13,103 ft

£ " T D © W0 st 180°F

hr - ft= - °F
The boiler area is:
A, = A - A = (42,680 - 13,103) ft2 = 29,577 ft°
8 = Atotal ~ AE , , ,

The overall heat-transfer coefficient of the boiler, UB is:

8

U = — B _1.84x10° Btu/hr _ g ¢ Btu
B Ag LMDy 59 577 £t2 110°F hr - ft2 - °F

This completes the analysis of the existing exchanger.
The possibility of generating 900 PSIG steam is examihed, keeping at constant:
From the steam tables:

o

900 PSIG, 535°r Steam: h

665.6 Btu/1bm

fg
hey = 529.8
| 228°F BFW: | hep = 196.3

. .The mass flow of the steam is:

]
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6 :
gt 254.892 x 10" Btu/hr = 2.55 x 105 1b/hr

51 = . . =
S hfg + (hf] - hfZT' 665.6 + 529.8 - 196.3 Btu/ibm

The heat transfer in the boiler is:
#'ﬁ hfg = 2.55 x 105 1b/hr  665.6 Btu/1b = 1.68 X ]08 Btu/hr

The heat transfer. in the economizer is:

[

e . - . 5 } - . 7
9 = s(hfl - hfz) = 2.55 x 107 1b/hr (529.8 196.3) Btuw/1b = 8.51 x 10 Btu/hr

The intermediate heating stream temperature, T]Z’ is

8
1.68 x 10 Btu/hr = 578°F

. qB .
Ma=Ty - e, T 632°F - 16719%,944T To/hr (0.5 BEG/T6 F

The "pinch point" then, is:

AT =T 578° - 535° = 43°

p 12" TSteam

The temperature length profile is:

7. 632
: LTD, = 43° |
_ | = LMTD; = 67°

78 GTD, = 97°

535 ~ 580 B

LTD. = 43°
- => LMD, = 145

GTD, = 322°
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The area of the boiler, assuming U is constanﬁ, is:

q
B 8
- _ 1.68 x 10~ Btu/hr = 2

R = T, T 6.5 Bty g0 | PHABTE

hr - fte « °F

The area of the economizer is:

A= %  _ 8.513 x 107 Btu/hr . 19570 ft2

£ U D, - %0 Bt T35°F
‘ hr - ft= . °F
The total area is:
2 419,570 £t° = 64,055 ft

A, = Ay + A = 44,485 ft

The possibility of generating high pressure (900 PSIG) steam setting

the "pinch point" at 50° is also analyzed:

Setting the "pinch point“ also determines the intermediate heating stream

temperature, Typ:

T T + 50° = 535 + 50° =. 585°F

12 Steam

The heat transfer of the boiler is found:

- e o 6, 1b (0.5) Btu _
ag = (Tyq = Typ) My € = (632 - 585)°F (6.19 x 10°) p¢ “jgzp 1.46 x 10

p.

8 Btu
“hr
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The mass flow of the steam is:

aB ' 8 n4:
A .- _1.46 x 10" Btu/hr _. 5
mg e 665 6 Btu 2.19 x 10 1b/hr
I Tom

The heat transfer in the economizer is:

.

= - 7
gg = Mg (hgy - hep) = 2,19 x 10

1b (529.8 - 196.3) Btu = 7.3 x 10" Btu
hr - 1b hr

o

5

The exit temperature of the heating stream,'T]3, has changed since dt

has changed. It is:

Ag o 7.3 x 107 Btu/hr )
T3=T e =585 F-gTo30as o5t~ o-4F
g P hr 6-°F
The temperature-length profile is:
T 632 LTDg - sqe
= LMD = T71°
. = o
55 s 61 6TDg = 97
\\.228 LTD; = 50°
—— = LMD = 155°
6TD; = 333°
The boiler area is:
woo B s x 1 Btume o0 2
B - U, LMD 6.5 Btu, — = 36, t
g -0 - 71°F
hr - ft© . °F
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The economizer area is:

A = s __ 7.3 x 10 Btushr . 2
E° ULIMD, g BT 15,700 ft

Che e ftE . °F

The. total. area,then, is: .

A, = Ay = Ac = 36,270 ft%+ 15,700 ft2 = 51,970 f¢d
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APPENDIX B

’ The installed cost of the heat exchangers'in $/ft2 was found
from the curves on the following two pages, Figures 5 and é;

-~ The Ralph Parson's factored extimates were obtained frdm
ARefereﬁce 6. The quotations from John Zink were obtained from Reference
5, and were quoted as base costs. These base costs were converted to
‘installed costs by multiplying by a factor of 2.5 for erection, piping,
site-work, etc.; as described in Reference 7.

| The quotations from John Zink, Inc., and Ralph Parsons on

2

heat exchangers under 10,000 ft° allowed the extrapolation of the curve

shown with a high level of confidence. The slope of this curve was

assumed.to remaih the same. for heat exchangers over 10,000 ftz.
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The six turbines would operate under the following conditions:

Turbine ‘ m - Pin Pout hy 1M2s N* P Installed cost*
1b/hr PSIG PSIG Btu/1bm Btu/1bm 3 HP $
1 522,340 2000 1200 1136 1100 65 4805 1,200,000
2 1]8,990 1500 IZOQ 1169 1147 45 465 525,000
3 28,553 1500 | 600 1164 1096 50 410 + 250,000
-4 335;977 900 600 1196 1164 45 1900 425,000
5 78,700 900 150 1196 1054 65 2755 250,000
6 14,703 900 50 1196 986 60 730 175,000
Total HP output of turbines = 11,065 HP
h] = enthalpy at Pin
]h25 = isentrppic enthalpy at POut Wwith Pin reference
The output of turbine 1, for example was found to be:
P=m (h] = ]h25)n ) 522,340 (]]36—]]00)(.65) 4805 HP
2544 Btu 2544
hp - hr
*The efficiencies (n) and costs were quoted by Westinghouse Canada, Ltd. (Ref. 2).

82-IA
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. ABSTRACT .

A combined cycle power generation schemé for thé.Ra1bh Parsons
OiI/Gas pltant was studied as an‘alternate‘to'the steam turbiné”poWer
generation system to see if energy can be saved in a ‘cost effective way. '
"Using the same amouﬁt of coal as the pfeseht system, generates an excess
of 22,2 megawdtts of e]ectrica1 power or 10.6% of the 210 MW generatedin
the 0i1/Gas Complex at a cost of $610/Kw.- If‘e]ectficity’is expokfed at’
$.025/KW-hr the annual gross revenues are 4;3 million dollars a year.
This is a 19% return on investment, using a diséounted cash flow analysis.
From a 1ife cycle cost stand point, this is a total revenue of 56.5 million
dollars over the 20-year jife of the plant.

The combined cyc]e alternate, which uses present staté-of—the-

art equipment is a cost effective way to better utilize energy.
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INTRODUCTION

.. ..-This report examines the. present power generation’ scheme of
the Ralph M. Parsons 0i1/Gas Complex Conceptual Designgtofdetermine if':
the efficiency of -the power generation system could be.improved in a cost
effective manner.

- The alternative to the present system is a combined cycle
utilizing Tow Btu fuel gas from the Tow Btu gasifier (unit 24)<ih a gas
turbine, then using the hot exhaust gases in a heat recovery boiler to
generate steam fér proceSS'requirements and aqditional electric power
generation.

~ The combined cycle was chosen as an alternative because (1)
higher thermal efficiencies (35-45%) than straight rankine cycle efficiencies
can be expected, and (2) current state-of-the-art gas turbihes,'heat

recovery boilers and otﬁeﬁ equipment can achieve these higher'efficiencies.
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|l

DESCRIPTION OF PRESENT SYSTEM

The present power and steam génération system shown in'Figure
1 burns low Btu fuel ga$ from a low Btu gasifier (unit'24) in boilers
for 1200 psig steam generation. The steam generated in this boiler is
then used in the process for process steam turbine drivers, and the steam
turbine generators for 210 MW of electric power production. The power
| generation turbfnes each have three extraction points, at 600 psig, 300 psig"
and 150 psig, for use in feedwater‘heaters that service the large waste

heat boiler."-

DESCRIPTION OF THE COMBINED CYCLE ALTERNATIVE'

The combined cycle alternative must generate‘the same amouﬁt
of steam for-proéegs u§e, steam turbiqe drivers in the process. area and.
elect}ié power rengrements for in-plant use as tHe present system.
The combined cycle system shown in Figure 2 consists of a fuel
gas preheater (Appendix A), two gas turbine-generators producing 112.7
megawatts each (Appendix C), one 1200 psig waste heat steam generator which
uses the hot exhaust gases of the gas turbines to generate 1,508,000 1b/hr of steam
(Appendix A), one each 150 and 25 psig waste heat steam generators utilizing
the hot gas from the large waste heat boiler (Appendix A). The1,508,000 1b/hr of
1200 psig steam generated in the large waste heat boiler is used fbr pro-
cess with the balance of 137 500 1b/hr used in a steam turbine (Appendix D)
for e]ectric power generation. The turbine has one extraction point of
109,650 1b/hr of 300 psig, 619°F for feedwaéer heating. Because of the

reduced amount of steam generated, the number of deaerators has been
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decreased from 2 (32-1307,08) to one (32-1307), the number'of condensate
pumps has been reduced from 4v(32-T50f,02,03,04) to two (32-1501,02), the
number of feedwater heaters has been reduced from 4 (32-1303,04,05,06) to
two (32-1303,04), and the number of feedwater pumps has been decreased

from 4 (32-1505,06,07,08) to 2 (32-1505,06).

ECONOMIC ANALYSIS

Installed costs shown in Table 1 for the combined cycle equiﬁ-
ment and for the equipment in'thé present design are from reférences'lg
2,5,7,8 and cé]cu]ations in the appendices. From Table 1, the installed
cost of the combined cycle alternative is 99.1 million dollars while the
installed cost of the present power generation unit is 85.6 million
dollars, the increase.in cost for the combined cycle a]ternqtive is 13.5
million dollars. | o

The combined cycle generates a surplus of 22.2 megawatts of
electricity over and above the requirements of the plant. This is an"
instailed cost of $610/KW. For this analysfs, the electric power would
be exported for revenue at a priﬁe of § ;OéS/Kw-hr base cost and $.033/
KW-hr optimistic price. These prices-are given in Section XII, basis fdr
fuel and.utiliﬁy-costs.. At $ .OZS/Kw-hF; fhe gréss revénué is 4.3 million
dollars per year and at $.033/KW-hr the annuaf gross revenue fs 5.7 million
dollars. This assumes a 330 day operating yeér as specified in.tﬁe_Oil/
Gas Conceptual Design. In addition the operating and maintenance costs

for the present system and the combined cycle alternate are equal.



TABLE 1

Equ1pment Description and Installed Costs for .the

Ralph M. Parsons Design and Comblned Cyc]e Alternate

Equipment No. and Description

Unit Capacitx-

Number Req‘d

Parsons/Comb Cycle

Total

Installed Costs
Parsons/Comb. Cycle

24-1303* :, . 1200 p51 waste heat steam generator 502 MM Btu/hr 55000 sq.ft; 1/- $.31,411,782
_24—1304: T alr‘fuel gas exchanger #2 137 ‘MM Btu/hr. 75440 sq.ft. 1/- " $ 3,437,323
24-1305 fuel gasAISO psi steam generator 160 MM Btu/hr 88500 sq.ft. 1/- $ ' 405,817
24-1306 fuel gas 25 psi steam generator 83 MM Btu/hr 61360 sq.ft. $ 656,989
32-1601,02,03,04 boiler h ' 853.4 MM Btu/hr 4/- $ 28,710,700
32-0101,02 - steam turbine-generator. 110.0 MW 2/- $ 17,827,909
32-1307,08 deaerator ' 535.3 MM Btu/hr 21 $ 273,398/136,600
32-1501,02,03, 04 condensate pumps and spares 1400 gpm 4/- $ 42,472
32-1505,06,07,08 feedwater pumps and épares 4100 gpmi - 4/2 $.1,389,954/69497
32-1303,04 feedwater heaters 112 MM Btu/hr 2N $ 694,978/347,489 <
32-1303,04 feedwater heaters 153.9 MM Btu/hr 2/1 $ 694,978/347,48931;
--- air-fuel gas exchanger 122 MM Btu/hr 15683 sq.ft. -N $ 870,086
-—- fuel gas-fuel gas heat exchanger 283.1 MM:Btu/hr 66,222sq.ft. /1 $ 3.632,278
-—- 1200 psi waste heat steam generator 183.6 MM Btu/hr 54384 sq.ft. ~-/1 $ 29,612,088
-—- 150 psi waste heat “steam generator 117 MM Btu/hr 82748 sq. ft. -/ $ 386,433
--- 25 psi waste heat steam generator 65.2 MM Btu/hr 58719 sq.ft. -1 $ 688,744
_— gas turbine-generators o 1127 MW -/2 $.38,994,200
-- steam turbine-generator A 6.6 MW A -/ $ 956,440
--- 1200 psi waste heat steam generator 147 MM Btu/hr ],205373~5q,ft, -/ $ ]9,227,294
— condensate pump and spare ' 45 gpm -/2 $ 4,720
--- 150 psi waste heat steam generator 289.4 MM Btu/hr 223371 sq.ft. - $ 3,562,770
--- 25 psi waste heat steam generator 20 MM Btu/hr 12619 sq.ft. -/1 $ 20] 273
: | " TOTALS: * $ 85,546,300/
* Equipment number given in Reference 9. S ‘ 99.0317,361
Installed costs are from Refs. 1,2,5,7,8 and calculations in Appendices A,B,C and D. ACOST = ]3 491.061
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Discounted Cash F1ow_Ana1ysis
A discounted cash flow analysis was performed using the two
selling prices of e]ectricify to obtain a rate of retﬁrn‘on the,additiona]
capital investment for'the combined cycle alternate. The ?o110Wihé
bases were used:
20 year project life. R o
16 year SYD depreciation ‘ L

)
2)
3) 52% combined state and federal income tax
) No investment tax credit

)

100% equity

The rate of return using $ .025/kw-hr for the price of electri-
city is 19% ‘and the rate of return using $.033/KW-hr is 24.8%, each one
being above the rate of return of 12% specifed by Ralph Parson's as the
minimum desired rate of returnvon the 0il1/Gas Comp]ex(g). The yeariy

'tabu1ation of the discounted cash flow analysis is shown in Tables 2 and 3.

LIFE CYCLE COST ANALYSIS

The 1ife cycle cost analysis assumes that 100% of the additional
capita] cost for theAchange in power genération schemes must be borrowed
at 9% interest for the 20-year project Iife. This resu]té in uniform
annual payments of $1.48 million dollars on the loan. This cost is sub-
tracted from the annual revenue 6f 4.3 mitlion dollars to obtain a net
yearly revenue of 2.82 million dollars per year, or 56.6 million dollars
over the life of the plant. Using $.033/KW-hr, the net annual revenue
is 4.27 million dollars per year, or 85.3 million dollars over the life

of the plant.
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CONCLUSION

At a cost of $610/Kw the combined cycle power generat1on scheme

prov1des a m1n1mum gross revenue of 4 3 m1111on dollars, w1th a rate of
return of 19% on the add1t10na1 cap1ta1 1nvestment The comb1ned cyc]e
a1ternate steam and power generat1on scheme is a cost effective way to
generate steam and electric power in the 01]/Gas Complex using present

state-of-the-art equipment.
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TABLE 2

Discounted Cash:F1ow for

Electricity Seﬂi:ng'Price of $..025 /KW-hr

FEKKFRKRKK KKK KEEK KKK KKK KKK KKKA KK KKK KKK KKK KKK KA F KKK FKK KKK KKK KKK K

0 FERCENT TAX CREDIT ON

100 FERCENT. EQUITY
0 PERCENT OF INVESTMENT

9 FPERCENT INTEREST

THE CALCULATED RATE OF RETURN IS 19,04 FERCENT

YEAR =~ GROSS CASH ANNUAL ANNUAL NET CASH.~  DISCNTD

' FLOW DEFREC TAX FLOW CASH FLOW
1 4305 : 1592 1410.76 2894.24 2516.73

2 4305 1492,5S 1462.5 2842.5 2149,338
3 4305 1393 1514.24 2790.76 . 1834.97

4 4305 : 1293.5 1565.98 2739.02 . 1566.044
S 4305 1194 1617.72 2487.28 . 1336.053
6 4305 ' 1094.5 1669.46 2635.54 1139.417
7 4305 995 1721.2 2583.8 971.3461
8 4305 895.5 1772.94 2532.06 827.,7349
4 4305 796 1824.48 2480.32 705.0617
10 4305 696.5 1876.42 2428,.58 600,3078
11 4305 597 1928.164 2376.84 510.8856
12 4305 497.5 1979.9 2325.1 434,5778
13 " 4305 398 2031.64 2273.36 369.4846
14 4305 . 298.5 2083.38 2221.62 313.978¢
15° 4305 . 199 2135,12 21469.88 266,6663
16 4305 . - 99.5 2186.86 2118.14 224.3545
17 " 4305 0 2238.6 2066.4 192.0221
18 4305 0 2238.6 .2066.4 166.9757
19 4305 0 2238.6 2066.4 145.1943
20 4305 0 2238.6 20466.4 126.2576

TOTAL 86100 13532 . 37735.36 48364.64 16399.4

Note: Figures are in thousands of dollars.



VII-13

TABLE 3

Discounted Cash Flow fbr Electricity

: Selling Price of $.033/KW-hr
FRHRKKFKARKRKKR KRR RIKRRKKKKKIKKKAK KKK KKK KKK KKK KKK KKK KKK KA KKK K

O PERCENT TAX CREDNIT ON
0 FERCENT OF INVESTMENT

100 FERCENT EQUITY
9 FERCENT INTEREST

THE CALCULATED RATE OF RETURN IS 24.76 FERCENT

ANNUAL

| Notei. Figures:are in:thousands of dollars.

62198.24

YEAR GROSS CASH ANNUAL NET CASH OISCNTD
FLOW DEFREC K TAX FLOW CASH FLOW
-1 5746 1592 2160.08 3585.92 3118.191
. 2. - 5746 1492.5 2211.82 3534.18 2672.348
3 5746 1393 2263.56 3482.44 2289.761
4 5746 1293.5 . 2315.3 3430.7 1961.514
S 5746 1194 2367.04 3378.96. 1679.94
6 5746 1094.5 2418.78 3327.22 1438.449
7 5746 ’ 295 2470.52 3275.48 1231.374 .
8 5746, ; 895.5 2822.26 3223.74 1053.846
9. 3746 796 2574 3172 ?01.6804
10 5746 696.5 2625.74 3120.26 © 771.2809
11 = - 5746 . 997 2677 .48 - 3068.52 6592.5576
12 57446 497 .5 . 2729.22 3016.78 563.8577
13 ' S746 ' 398 2780.96 2965.04 481.9019
14 . 9746 298.5 2832.7 2913.3 411.7328
15 5746 199 2884.44 2861.56 351.669?
16 5746 99.5 2936.18 2809.82 300.2708
17 S746 0 2987.92 2758.08 256.297
18 5746 0 2987.92 2758.08 222.867
19 5746 0 2987.92 2758.08 193.7974
20 5746 0 2987.92 2758.08 168.5195
TJOTAL 114920 13532 S52721.76 20728.86
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APPENDIX A

Heat Exchanger Area and Cost Calculations

' The method for calculating heat exchanger heat transfer. areas,
and insta]ied costs with examh]es is given below.

The heat transfer in a heat exchanger is:

q= mfg xC. x Ang

p

where:
ﬁfg = mass flow of fluid, 1b/hr
C. = constant pressure specific heat of fluid, Btu/1b-°F

P
-Ang =-change in temperature of the fluid, °F

The heat transferred is also:

q =_U X A X ATm

where: _
U = overall heat transfer coefficient, Btu/hr-ft2-°F
A = area of exchanger, ft2
ATm = log mean temperature difference of the exchanger, °F
(GTD - LTD)
AT = moee—
M 1n(GTD/LTD)
where:
GTD = the greatest temperature difference of the fluids
LTD = the least temperature difference of the fluids.
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EXAMPLE:

Calculation of Required Area for the Fuel Gas.Preheater (Figure 2)

From Figure 2:

Meg = 2,189,643 1bm/hr

AT, = 1226°F - 822°F .

fg

and from reference 3,

C
P

.32 Btu/1b-°F.

Therefore,

)
n

2,189,643 % .32 Btu/1b-°F x (1226°F - 822°F)

283.1 MM Btu/hr.

The log-mean temperature difference is:

1126°F - 142°F

[}

ATm
Tn(1126°F/142°F)

1]

475°F

Using a value of 9 from reference 6 for the over-all heat transfer coef-

ficient U we have:

283.1 = UAAT .
283.1 x 10°
9 x 475

= 66,222, ft°
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From reference 1, the 4th quarter, 1976 insta11ed cost per .
foot for this type of exchanger.is'$47;54. Assuming 10% inflation, the -
1978 price is:

< $47.54 x. (1.1)15 = ¢54.85

Therefore, the total installed cost is:

O
[}

A x $54.85 |
66,222 ft° x $54.85/ft2
$ 3,632,278

The method used for calculating the required surface areas and
installed costs of steam generators is similar to the heat exchanger

calculations.

'1200 psi Heat Recovéry Boiler Calculations

From Figure 2:

m = 1,098,278 1b/hr
AT = 950°F - 569°F
Bhg, = 187 Btu/1b

Therefore, the heat transferred in the superheater is:

qgy = 1,098,278 1b/hr x 187 Btu/1b
qgy = 205 MM Btu/hr

The log mean temperature difference between the two streams is:

AT = 330°F.
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From reference 2, U = 6 Btu/hr-°F-ft2.

The ;uperheater area is:
205 MM Btu/hr

6 Btu/hr-°F-ft2 x 330°F
2 .

Agy =

Asy

103,535 ft

The heat transfer in the boiler is:

9g = M hey

where:

9 = heat transfer in the boiler

m = mass flow of steam in boiler.
From Figure 2:
m = 1,507,922 1b/hr

This mass flow differs from the superheater mass flow, since
some saturated steam is extracted from the boiler for process use and
does not pass through the superheater.

From reference 4:

heq = 606 Btu/lb

1507922 1b/hr x 606 Btu/1b

g

g 913.8 MM Btu/hr
From reference 2:

U = 6 Btu/hr-ft2-°F
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and from Figure 2:

AT = 163°F

m
Ag = 913.8 MM Btu/hr'// 6 Btu/hr-°F-ft% 'x 163°F
Ay = 934,355 £t2

where: ‘AB = surface area of boiler heat transfer.
The heat transfer in the économizer is:
9 = mCPAT
From Figure 2:

m = 1,507,922 1b/hr

AT = 569°F - 484°F
qg = 1,507,922 Tb/hr x 1 Btu/Tb-°F x (569°F - 484°F)
| qg = 128.2 MM Btu/hr

From Figure 2:
ATm‘= 85°F
~ and from reference 2:
U = 9 Btu/hr-ftl-°F

128.2 MM Btu/hr

A. = 5

9 Btu/hr-ft
2

-°F x 85°F

p -
i

E° 167,582 ft
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where: AE = surface area of economizgr heat transfer.
The TOTAL AREA is:
ATV- AE f AB +AAS|_'l -

Ar = 103,535 #+2 + 934,355 Ft2 +167,582 ft’
Ap = 1,206,473 ££2 ‘

Installed cost per square foot was determined from Reference 2,

therefore, the cost for the b611er is:

¢ =1,205,473 £t? x $15.95/ft% = $19.227,294
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- APPENDIX B’

Electrical Power for Export

The additional electric power generated by the combined cycle
alternative was claculated by subtracting the electric power requirements

of the 0i1/Gas plant from the total power produced by the combined cycle:

Pret = Pec - Porg
where:
Pnet = excess electric power
PCC = electric power produced by thé combined cycle
Po/g = electric power required by the 0i1/ias complex

Therefore:

Pnet = 232.18 MW - 210.0 MW

Pnet = 22.2 MW
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APPENDIX C

Gas Turbine-Generator Work and Cost Calculations

For a turbine inlet temperature of 2000°F, the air to fuel
ratio calculated from the adiabatic flame temperature is 3.35. There-

fore, the mass flow of air into the compressor is:

ma = a/f x Me~

From Figure 2, hf = 1,525,407 1b/hr

m

a 3.35 x 1,525,407 1b/hr

m

a 5,110,113 1b/hr - 1419 1b/s

This mass flow dictates two gas turbines, since present designs
are limited to mass flows of air in the 750 1b/s range(z). So for each
turbine ma = 2,555,057 1b/hr.

Compressor power, assumine an efficiency of 87.5% is:

wc = (ma Cpa ATa)/.875

where:
wc = compressor power, Btu/hr .
h, = mass flow of air = 2,555,057 1b/hr
Cpa = constant pressure specific heat of air(3) = .28 Btu/1b-°F"
ATa = change in temperature of air through the compressor =
(775°F - 60°F) (from Figure 2)

Therefore:

W = (2,555,057 1b/hr x: .28 Btu/1b°F x 415°F)/.875



We = 339.3 MM Btu/hr

The‘heat transferred in the combustor,'assuming an efficiency

of 98% is then:

Q4 = ((mACpaATa) + (mepfATf)) / .98
where:
Qin = heat transferred in combustion, Btu/hr
ATa ='change in temperature of the air = 2000°F - 475°F (from
Figure 2) |
ﬁf = mass flow of fuel gas - 762,704 1b/hr (from Figure 2) .
CP = constant¢pressure specific heat of fuel gas - .32 Btu/]b-°F(3)
f
ATf = change in temperature of fuel gas = 2000°F - 680°F (from
Figure 2) ‘
Qin = . (2,555,000 x .28 x 1525°F) + (762,704 x .32 x 1320°F)/.98
Qin-= 1442 MM Btu/hr .
The power out of the turbine, assuming an efficiency of 87.5%(3)
is: .,
W= (m
. (mpCppATp).875
where:

=
n

. turbine power, Btu/hr

mass flow of products of combustion - 3,317,761 1b/hr (from:
Figure 2)

3-.
o
1}

(@)
n

constant pressure specific heat of products = .30 Btu/1b-°F(3)
change 'in temperature of products through the turbine,
2000°F - 1160°F (from Figure 2)

>
4
o
]
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Nf = 3,317,761 1b/hr x .30 Btu/1b-°F x 840°F x .875
Nt = 731.6 MM Btu/hr

The net power out is then:

Wnet = Wr - W¢

731.6 MM Btu/hr - 339.3 MM Btu/hr

- W

‘wnet

wnet 392.3 MM Btu/ﬁr

.The electrical power out of the generator, assuming a 98%

efficiency, is:

P = .98 (wnet)

.98(.29307 W/Btu/hr)(392.3 MM Btu/hr)

O
]

112.7 MW

The installed cost for the gas turbine-genebator set is $173/KW
from Reference 7. Therefore, the total cost for two gas turbine generator

sets is:

CCgr $173/KW x 2 x 112,700 KW
= $38,994,2C0
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" APPENDIX D

Calculation of Steaﬁ'Turbine Work and Cost

From Figure 2, the total mass flow of steam into the turbine

s 131,500 1b/hr with 109,650 1b/hr extracted at 300 psig, 619°F for the

feedwater heaters. The power out of'thetsteam turbine-generator is:

where:

Pst = (Mg x Mhgg) + (mge x ahge)

PST = power out of steam turbine.

ﬁSE‘= mass flow of steam extracted at 315 psi, 619°F - 109,6501b/hr
. (from Figure 2)

Bhep = enthalpy change of steam extracted = 139 Btu/1b
hSC = mass flow of steam condensed = 21,850 1b/hr (from Figure 2)

, AhSC = enthalpy change'of condensed steém‘=4357 Btu/lb

Psr = (109,650 1b/hr x 139 Btu/1b) + (21850 Tb/hr x 357 Btu/1b)
Per = 23.0- MM Btu/hr '

The -generator power, assuming an efficiency of 98% is:

Pg = 98 (Pgr)
Pg = .98 (.29307 W/Btu/hr)(23.0 MM Btu/hr)
PG = 6.6 MW

An installed cost of $1]8.4/kw for the steam turbine-generator

set is from Reference 7, and an estimate of $175,000 additional for each’

extraction point was supplied by Westinghouse Co.
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The total installed cost is then:

6,600 KW x $118.4/KW + $175,000
$956,440

Cor
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'ABSTRACT

4

. This report examines the feasibility of replacing the Tow Btu
gas fired steam and power generating system in the_Ra]ph M.;Par;qns 0il/ .
Gas Complex with a direct coal fired steam and power generating system.
The difference in capital cost between the coal fired alternate sy§tem‘
and the fuel gas fired system is 36.4 million do]]arsf For a savjngs in
coal of 586 TPD which is 1.6% of 36,000 TPD used by the 0i1/Gas Complex
or 6.1 million dollars annually, the rate of return on the additional

capital investment is 8,21%..
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. INTRODUCTION

This study examines using a d1rect coal f1red steam and e1ectr1c
power generat1on system to replace the ex1st1ng 1ow Btu gas fired steam
and. power generation system in_the Ralph M. Parsons O11/Gas Complex
E11m1nat1on of the gasifier train which produces fuel gas for the uti]ity
boilers results in a 17% improvement in the overall thermal efficiency
of the system shown in Figure 1.

The present system is described and an a]ternate coal f1red
system which meets p1ant requ1rements for e]ectr1c1ty, steam and fuel gas
is developed to replace the present system. An economic analysis shows
that a rate of return of 8.21% can be realized on the additional capital

investment of 36.4 million dollars.

PRESENT SYSTEM DESCRIPTION

The existing steam and power generating system in the Ralph M.
Parsons 0i1/Gas Complex is shown in Figure 1. The gasifier is an air-
blown, two stage slagging type, and produces 33,030 MSCF/hr of 145 Btu/SCF
gas from 472,510 1b/hr of coal, 746,600 1b/hr of char-filter cake mixture
and 22,277 MSCF/hr air. 23,300 MSCF/hr of this gas is burned in four
utility boilers producing a total of 2,871,070 1b/hr of 1215 psi, 950°F
steam while 2596 MSCF/hr of the gas is used to superheat 785,555 1b/hr -
of steam generated in heat recovery boilers to 950°F. The balance of
the fue] gas, 7134 MSCF/hr, is used fn process superheaters, gas
sweetening, and sulfur tail gas processing. Of the 3,656,625 1b/hr of
1215 psia, 950°F steam produced, 341,171 1b/hr is used for the 54,600 hp

gasifier air compressor, and 1,905,700 1b/hr is used for electric power
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-FIGURE 1 RALPH M. PAéSONS OIL/GAS COMPLEX STEAM AND POWER GENERATION SYSTEM ' .
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generation in turbines 32-0101“and‘32-010é which prodyce aftotél of 210v
MWEufor in plant use. The remaining 1,409,754 1b/hr of 1?15, 950°F steam
is uséqvﬁor tyrbine process drivers throughout the plant. In addition

to the 1215 psia, 950°F steam used in other areas of the plant, 54,929
1b/hr of 615 psia, 768°F steam and 87,200 1b/hr of 40 psia, 267°F steam

are used in other areas of the plant.

'

DIRECT COAL FIRED ALTERNATE SYSTEM DESCRIPTION .

The alternate direc£ coal fired steam and power generation
system is shown in Figure 2. ‘This system produces the same amount of
steam and e]éctric power, yet'consqmes 48,800 1b/yr or 586 short TPD
less of coal and 325,196 1b)hr less of char-filter cake as a result of .
the elimination of the 1§w Btu gasifier train and ancillary equﬁpmént.

The overall thermal efficiency 6f the alternate steam and power generation
system is i?% greater than the existing configuration (see Appendix A).

A 10W Btu gasifier and related equipment has been‘inc1uded in
the alternate system to supply processes throughout the p]ant which re-
quire low Btu gas. This gasifier is similar to the existing gasifier
except that'it produces only 21.6% of the low Btu gas'as the origina1,
i:é;, 7134'M$CF/hr. It has been assumed that the .efficiency of the smaller -
gasifier is the same as the larger unit, i.e., 72.9%, where the efficiency
{5 the Btu value of the products out divided by the total Btu value of
the feed into the gasifier. Steam generation from'wasté héat boiiers on"
'fhe gasifier off-gas st?eam was requced dihect]y as the reduction in gas
production, and the reduction in pdwer required for the gasifier air com-

pressor was direct also, resulting in a 11,794 hp turbine driver. Additional
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FIGURE 2 ALTERNATE DIRECT COAL FIRED STEAM AND POWER GENERATION SYSTEM
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steam was required for the‘SO2 scrubber system, and from Appendix B is
calculated as 90,297 1b/hr at 615 psia, 768°F. The amount of 615 psia,
489°F steam required by the new redox sulfur removal system has;beén
decreased proportionally to 12,543 1b/hr. |

The electric power requirements for the alternate power genera-

tion ‘system are:

172.7 MW - ~ Process
5.2 MW . * New gasifier and redox
sulfur removq] system
5.3 MW . 502 scrubber system
14.7 M6 . Utilities, including

coal fired boilers, coal
and ash handling systems,
electrostatic precipitators

TOTAL . 197.9 MW

It was assumed that the coal fired boilers consumed 1 MW more than equi-
valent gas fired boilers of the same size: The poweh requirements for
the 502 scrubber system are calculated 1n,Appehdix B.

The amount of steam and e]écfrica] power requiréd external to
the two power generation systems is equal. |

The amount of steam and electric power used within the.alternate
system is different, therefore, the steam extraéted at various pressures
- from the large turbines 32-0101, 32-0102 and also the new gasifier air
compressor turbine was adjusted to maintain the same output of steam and
power from the alternate power geheration system "control volume". The

new coal fired boilers were sized to supply the required amount of 1215,
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950°F steam, or 3,498,025 1b/hr.  Turbine steam requirements and boiler

calculations are given in Appendix C.

ECONOMIC ANALYSIS

The difference in the installed costs for the two power genera-
tion systems shown in Figures 1 and 2 is the installed cost of.equipment.
added to the present.system in the 0i1/Gas Complex, minus the installed
cost of eeuipment deleted, to arrive-at the alternate system shown.in .
Figure 2. } ‘ -

Installed costs of $25/1b-steam for coal fired boilers and $10/
’1b-steam for gas fired boilers were given by Babcock and w11cox(1). The
costs include feeders, conQeyors, preheaters, b16wers,Tburners:‘pie{ng,
precipitators'end'eOStrois. Ash remdval'eeﬁipﬁent'ﬁs n6£ %ne1uded i} -
the $25/1b-steam cost and has been calculated at $1,430,000 in Appendix B;
The installed cost and operating cost of the SO2 scrubber were also cal-
culated in Appendix B and are $36 970,000 and $2,332,600 respectively.

It was assumed that the operating and maintenance costskfor the original
power generation system and the alternate would be equal excebt for the
S0, scrubber operating and maintenance cost, abo?e.: The installed costs
for the gasifier systeh, (enit'24);.fed0x-su1fur remeVal system, (unit 25),
and the process~steam sepeEHeaters are from refeeence 14 aﬁd the néw
gasifier system and redox system are ca]cu]ated from these costs in Appen-
dix D. Table 1 11sts the equipment added or deleted -.and ihe associated

costs.
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" DISCOUNTED CASH FLOW ANALYSIS

The coal savings for the alternate steam and power generation
system is 48,800 1b/hr. At the 1978 price of $31.53 per ton(s), the

yearly gross sav1ngs for a 330 day year(]4)

is $6,095,600. The net yearly
savings is $6,095,600 - 2,332,600 or $3,763,000. For the additional
capfta1‘investment of $36,384,000, a 20 year project-life, 100 per cent
equity, the rate of ‘return using a discounted cash flow analysis is 8.21%.

The yearly cash flows are presented in Table 2.

LIFE CYCLE COST OF ALTERNATE SYSTEM

If the.addftiona1 capital investment of $36,384,000 is bor-
rowed at 9% interest for a period of 20 years, the life cycle cost is

given by:
‘ LCC.= ZQ . (R - COM - CRE‘x AC)

where
'R = the annual savings in coal costs
COM = the annual operatwng and ma1ntenance cost

CRF = the uniform capital recovery factor, for 20 years ‘
at 9% interest

~AC = the additional cap1ta] 1nvestment requ1red for the
alternate system. : f

Therefore:

Lcc = 20- (6,095,600 - 2,332,600 - .1095 x 36,384,000) = - $4,421,000



TABLE 1

Equipment Descriptions and 1978 Installed Costs

T o - Equipment Quantity
Equipment No. and Description 0il/Gas / Alternate

32-]60],02,03,04 fuel gas fired boi]ers,»7]9 MMB;u/hr 4/-
Coal fired boilers*, 1048 MMBtu/hr ' ’ -/4
Ash Handling Equipment - -/
Fuel gas gasifier, process unit 24** S VA
Fuel gas gasifier, a]te;nate system** ) -/1
Redox sulfur removal, process unit 25 1/-
Redox sulfur removal, alternate system ) ) -/
32-1309,1310 process steam superheaters 112.9 MMBtu/hr 2/-
502‘scrubber system ‘ | -/1

TOTAL 128,433,000/164,817,000

Total Installed Cost
0il/Gas / Alternate

28,710,000/ -

/87,451,000

-/ 1,430,000
78,071,000/

.‘ -/31,128,000
19,658,000/

" -/ 7,838,000

1,994,000/~
-/36,970,000

ACOST = 36,384,000

* The coal fired boilers include conveyors, feeders, blowers, all piping, prehgaters, burners, controls and electro-

static precipitators.

** The gasifier system includes feeders, char cyclones, heat exchangers, waste heat boilers, slag and dust removal

equipment, precipitators, compressors, pumps and sour water removal equipment.

¢L-11IA
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TABLE 2

Discounted Cash Flow for Coal Cost of $1.30/MMBtu
A K DK NG N SIS R SRSKSKSIESKSK ORI YO KRR RIS A RN RO TR OOV KOO OKOK O BEOK R

100 FERCENT EQUITY . O PERCENT TAX CREDRIT ON
@ FERCENT INTEREST Q FERCENT OF INVESTMENT

THE CALCULATED RATE OF RETURN I8 Q.21 FERCENT

Y AR OROSBS CASH ANNUAL : ANMUAL NET CASH NISCNTR
#LL.OW LEFRES Tax Fl.0W CASH FL.OW

TR0 BI0N S0%L W43 YL K6 SRR SN S0 M S0ES 10ee TN AN Deki MO0 0MS SOMT W0 U0 BHN ESS @ S0M8 43S 1800 OV H0N YIS GGTE SEED BNl (MR SR F( RS OVER SOG S@O RIS VS SUR WE R NSl AN SN GBI FCU RS SOTS S MBO 000 Mel SFI0 SIS WOTh WS SIS SOPe PN ENL Jhed Smee WD Meds 4e S 10

BeHY 4280.471 ,
2 X763 : 4012.945
3 J7463 3745, 412
4 37463 3477.882
] N J2L03E
&
7

3763 ‘ J420.909
3763 JLOP.17
3763 B2V, 198
3763 2570.18

3763 D3B4H.EL7
3763 21244318
3763 1931.014
3763 1750487
3763 C LR .8YY
3763 1450.8

3763 1318.909
3763 1199.008
3763 ©1090.007

S7463 2942, 824

3763 Q67T 294
) 8763 2407765
¥) 743 2140, 230
10 3763 18720706
1 3763 L60T.076
12 3763 1337 .647
13 783 1070.118

14 3763 02,5802 37463 FRORLEY
18 3763 535,008 . 3763 P00, 8324

37463 B318.9386
3763 744 .,48964
3763 6768008
3763 615,2807
3763 S59,3461

14 37563 267.5294
17 3763 .

18 3763
19 3763
20 3743

O SOD

TOTAL 7L497 32102,.53 0 ; 4 71497 32026.04

NET PRESENT VALUE AT A DISCOUNT. RATE OF 10 FERCENT-4Z47,4%57

Note: Figures are in thousands of dollars.
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CONCLUSIONS

~ The alternate cba] fired power generation ﬁystem saves 48,800
1b/hr of coal or $6,095,600 annually, at an increase in capital cost of
36.4 million dollars. This yields a rate of return of 8.21% on the
capifa} investment. ' -

| The cost of the gasifier and redox sulfur removal system in

~the altefnate design’to supply low Btu gas for p?ocessAuse throughout the
‘plant is 39 million dollars. For‘processes which would not require low
Btu gas, the economics of the coal fired alternate would be much more
attractive. .
| | fhe removal of SO, from béi]er stack gases is another major
'congidération in the implement=ztion of the a]ternate'power generation
system. State-of-the?art teck~ology in SO2 rémo?a] from stack gases has
encountered problems in meetir-: required emmission standards, because of

(6)

equipment reliability However, given the estimated lead time of six
years for construction of the 0i1/Gas facility, there is a strong possi-
bility that prob]ems associated with SOzkhemova1 wi11 have been ;olved,,

prior to start-up of the proposed plant.:
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APPENDIX A

Comparison of Overall Thermal Efficiencies
Fuel Gas Steam amd Power Generation System
and the Direct Coal Fired Alternate. System

Cycle efficiency, n is defined as:

9n
where,
Woet = the net work out of the system
G, = ;he nét heat input to the system:

"From Figures 1 and 2, it can be seen that -

“net 1~ Ynet 2

Therefore,

_din2
%n 1

m_
n2

For the values of 1130.5 Btu/1b for char-filter cake1%)

and
12,125 Btu/1b for the coal used(]4), the heat inputs for the two systems

are:

Qi 1 = 472,510 1b/hr x 12,125 Btu/1b + 746,600 1b/hir x 1130.5
= 6.57 x 10° Btu/hr
Qs o = 423,690 x 12,125 + 421,404 x 1130.5

= 5.614 x 10° Btu/hr
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M _ 5.614 x 10°
N2 6.57 x 10°

= .854 or Ny =,1.17.n1
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APPENDIX B

SO2 Scrubber Utility Requirements;jlnsta11ed, and Operating Costs

An SO2 scrubber system for a 500 MW power plant consumes 129,440
1b/hr of 615 psia steam and 7.6 Mw of e]ectricity(s). To obtain an
equivalent power generation oytput.for the alternate system shown in
Figure 2, it is assumed that the net heat out of the control volume is
utilized in a Rankine Cycle with a cycle efficiency of 35%. Assuming
isentropic expansion of steam tﬁrough ideal turbines to a pressure of
2.5" Hg, the net total chaqge in the enthalpy ofgthe streams into and

out of the control VO1umé is:

Shyer = Bhgyr - EE:AhIN o

where ah is the isentropic change in enthalpy from the initial stream
temperature and pressure to 2.%° Hg.

From Figure 2:'

" ahy = <264,300 Tb/hr-" (1203.2 - 820) Btu/hr

ah, = -392,800 . (1195.6 - 880)
ahy = 1,409,754 (1470 - 920)

bhy = 54,925 (1391 - 920)

Ahs

87,200 (1169 - 950)

Ahyo = 592.88 MMBtu/hr. *

NET
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n X Ahyer

3413 Btu/hr-kw

.35 x 592.88 x 10°

3413

60.8 MW

Assuming the fuel gas is burned in a boi]er‘with'an 85% effi-

ciency, the work available from the fuel gas is:

3 SCF/hr x 145 Btu/SCF x .85 x .35

3413 Btu/hr-kw

_ 7134 x 10

90.2 MW

The total equivalent MW output for the alternate system is:

WroTAL = 197.9 + 60.8 + 90.2

348.8 M

The 615 psia .steam requirements for the SO2 scrubber are:

] (348.8

—gaa—} 129,440

90,297 1b/hr

and the electical requirements are:

1348.81 . =
(—355_) 7.6 = 5.3 MW
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502 Scrubber Installed Cost and Operating Cost

Reference 3 gives the 1978 total installed cost of a 500 MW SO
scrubber as: . g

- $45,885,000
Using a .6 power Taw(13) the cost for a 348.8 MW scrubber is:

.6
348.8
C = $45,885,000 ( 00 )

- $36,970,000

For comparison, an approximate installed SOZ scrubber cost of
$10/1b-steam was obtained from Babcock and Wilcox(!), which 1s $34,980,000
for the a1ternate power generat1on system The two cost are w1th1n 6%
of each other. | ‘

Frem reference 3, the 1978 annual operating cc :s for a 500 MW

scrubber system are:

$ 1,114,000 Limestone
2,229,700 Operating manpower and
: maintenance cost

$ 3,343,700 * Total annual oparating
and maintenanca cost
Assuming a direct ratio between operating and maintenance cost and scrubber

‘size, the cost for the alternate power system scrubber is:

(348.8

—566-)' 3,343,700 = $2,332,600/yr
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Ash Remova1 Equipment

From reference 4, a 1975 cost of $10.73/kw is gfven for coal
and ash handling equipment for coal fired boilers. It is assumed that
1/3 of this cost is for ash handling equipment which is not included in
the installed co;t of $25/1b-steam for coal fired boilers. Using the

(9,12)

Marshall and Stevens Electrical Power Industries Cost Index , the

1978 installed cost for the ash handling equipment is:

(zgﬁgf) $10.73 x % = $4.10/kw

The total cost for the equipment is:

$4.10/kw x 348.8 x 10%w = $1,430,000
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- APPENDIX C

Steam Turbine and Boiler Calculations

Mass flow rates of steam from the extraction points of the new
turbine are adjusted to maintain the original net steam output and power
output from the power generation ?cqntrg] yo]ume“ shown in Figdra 2. Since
the original turbine and the alternate operate at nearly the same condi-
tions it 1s_assuméd that the turbine efficiencies are equal. It is first
necessary to determine the efficiency of the poweﬁ generatihg tﬁrbiﬁetin‘
the original system. First the Rankine Cycle steam raté, described by:

RCSR oM _ 2545 Beu/hp-hr:
Hp-hr - (h] - hZS) B;u/]bm

is found by using a weighted average of the ava11ablé energy described by
the isentropic entha]py‘droﬁ across each e;traction point. 'For turSihés -
32-0101,0102 shown in Figure 1, the Rankine Cycle steam.rate'can be' |
written:

RCSR = 2545 Btu/h hr

(1470 1375) 066 + (1470-1300).1711 + (1470- T242) 126 7 (1470 900). 697
5.64 1bm/hp-hr

The actual steam rate, ASR is:

ASR = —11905,700 1bm/hr
210,000 kw x 1.340 hp/kw

6.77 1bm/hp-hr

Therefore, the turbine efficiency is:
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_ RCSR.
"rurs = AR X 100%

g;g;_ x 100%

83.3%

The new turbines have the same efficiency. From Figure 2, the
output must be 197.9 MW or 265,280 hp. In addition, the required mass
flows from'each extraction point which yield the same stéam'output from

the system are:

270,947 1bm/hr @ 615 psia, 768°F
210,633 1bm/hr. @ 315 psfa, 619°F
330,071 1bm/hr @ 165 psia, 492°F

It remains'to solve for ﬁ, the amount of steam condensed at 2.5" Hg.

We can write:

2545 Btu/hp-=hr |

95(-270.947_) , 170( 210,633 \, poaf 330,01 |, coof  m
811,615+ 811.615+m) 811,615+ 811,615+m

RCSR =

The ASR is:

_ 811,615 +m
AR = =f5,280

Dividing the RCSR by ASR we have:
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or

m= 1,187,004 .

-Therefore, the total steam requiréd for the new turbines is: .

m

. 1,187,094 + 811,651

1,998,750 1bm/hr

A similar calculation was performed on the o?igina1 54,600 hp
gasifier air compressor turbine driver, yielding a steam flow of 89,521

1b/hr for the new, 11,794 hp gasifier air compressor turbine driver.

Boiler Ca1cu1atidns

The amount of heat input to the boilers is:

_ ]— . ' . . - ’
U = 7 [Msuihgmhy) * mspn(hphe)]

where:

ng = boiler efficiency, assumed to be .8(])

hSH = amount of steam entéring the boiler at 1215 psia,

569°F to be superheated to .950°F

h, = 1470 Btu/lbm, (1215 psia @ 950°F)

h.I = 1183.2 Btu/Tb (1215 psia @ 569°F)

he = 468 Btu/Tb (1215 psia @ 484°F)

From Figure 2, hSH = 143, 755 1bm/hr, and hSTm = 3,%68,717 1bm/hr
Therefore:

Q.. = 4.194 x 10°

in Btu/hr
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In the original system, 746,600 1b/hr of a char-filter cake mixture was
fed to the gasifier a1on§ with coal in a ratio of .633 coal to char-
filter cake. The char-filter cake mixture cbnsists of 329,§00 1b/hr of
filter-cake from the coal 1iquifaction process in unit 13 of the 0il1/
Gas Complex, and 416,800 1b/hr of char which is recovered from the gasi-.
fier off-gas and mixed with the filter-cake to aid in drying the mixture.
The gasifier in the alternate system produces .216 the amount
of product gas as the original, therefore, the amount of char recovered

from the product gas is:

416,800 x .216 = 90,028 1b/hr

The amount of char-filter cake mixture available for the alternate system

is:

329,800 + 90,028 = 419,828 1b/hr.

The ratio of coal to char-filter cake, .633, is maintained for
the new gasifier, therefore, the amount of coal and char-filter cake

required is:

mCOAL= .216 x 472,510 1bm/hr
= 102,062 1bm/hr

o _ 102,062
CHAR ~ 633

161,235 1bm/hr
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This leaves:

4]9,828 - 161,35 = 258,593 1b/hr

of char-filter cake for the boiler. For the char-filter cake heating

value of 1130.5 Btu/1b, the amount of coal required by the boiler can be

calculated.
Qoyag = 258,593 1b/hr x 1130.5 Btu/1b
= 2.92 x 108 stu/hr
Gy = 4.194 x 10° Btu/hr - 2.92 x 10° Btu/hr
COAL ~ ' = 2. | /hr
= 3.9 x 107 Btu/hr.
Therefore,
. 3.9 x 10°
m - 3.9 x 10” Btu/hr
COAL

12,125 Bru/hr

321,649 1b/hr.

"The total amount of coal required for the gasifier and the

boiler is:

321,649 + 102,062 = 423,711 1b/hr

The savings in coal is:

472,510 1b/hr - 423,711 1b/hr = 48,799 1b/hr
or 586 short TPD
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APPENDIX D

Gasifier and Sulfur Removal System Costs

From reference 14, the 1975 insta]]ed cost for the gasifier -..
and associated equipment is $66,563,000. Using the Marshall and Stevens
Chemical Process Industries Equipment Index(g’]z), the 1978 installed

cost is:

530 5

I57 3 X $66,563,000 = $78,071,000

Using the same index, the 1978 installed cost for the redox sulfur remo-

val system is:

Zgg g x 16,760,000 = 19 658,000

Similarly, the 1978 cost for the superheaters in the original steam and-

power generation system is:

232 g x 1,700,000 = $1,994,000

The cost of the gasifier system for the alternate power genera-
tion system shown in F1gure 2 is ca]culated by the .6 power law(]3)

which is:

6

Capacity A |~ _ Cost A
apacity B ) Cost B .
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For the gasifier:

7134 MSCF/hr -6

33,030 MSCF/hr

CG

ALT ?8,071,000 (

$31,128,000

Similarly, for the redox sulfur removal process:

CSR

7134 MSCF/hr |8
ALT

= $19,658,000
] 33,030 MSCF/hr

= $7,838,000
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ABSTRACT

To reduce the reboiler steam required, we studied replacing
the MEA (mbnoethanolamine) system proposed by the Ralph M. Parsons Co.
with a DEA (diethanolamine) acid gas remova]jsystem. Steam consumption
is reduced by 16,000 1bm/hr which is 1%'ofdthe tota]lsteam generated-in
| fhe 0i1/Gas Complex or.$317,000 per year. In addition; there fs én
6nnua1 savings of $88,000 for chemicals; The additional capital costs -
and operating expenges for the DEA system are negligible since the pro-
cess plants-are equivalent. It is therefore recommended that a DEA

system replace the MEA system as Process‘Unif 17 bf the 0i1/Gas Complex.
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INTRODUCTION

In the Ré]ph M. Parsons Oil/Gas Conceptual Design, the acid
gas removal system uses MEA (monoethanolamine) to strip the dissolver
gas of HZS and C02. Since the MEA system has a high steam consumption,

190,300 1bm/hr, we examined the feasibility of using a DEA (diethanolamine)

which uses less steam.
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MEA PROCESS DESCRIPTION

A schematic,of the system designed by Parsons is given in
Figure 1. The inlet gas composition temperature and pressure is -given
in Table 1.‘ Table 1 shows that the acid gas concentration is 2.495%

(1.85% HZS + .645% COZ)'

: : : .
The Ralph M. Parsons design, calls for an MEA wash, fol]owed by

a caustic wash (NaOH). The reactions involved in sweetening theiacid

gas with aqueous MEA (RNHZ)* are:

2RNH,, + st:—_"“(RNH S

37
(RNH3),S + HyS === 2RNHHS

— ) s

(RNH.),C0, + CO, + Ho0 === 2RNH.HCO
302003 * COp + H,

3773

2RNH + CO,=—= RNHCOONH,R

The réactions'proceed to the right at lower temperatures (in

the contactors) and tb the left at higher temperatures (in the-stripper).

Thus, at 86°F (inlet gas temp.), the amines will absbrb,the acid gas and
form the amine salts. At a témpefature of about 300°F the salts disso-

- ciate, the acid gas is liberated, and the amine is available for reuséf)

/

The caustic wash insures that the CO2 concentration is brought
to less than 5 ppm. The equations governing these reactions are:
2NaOH + COz-w——-Na

2CO3 + H20

*where R = HOCH,CH,,




IX-7

TABLE 1

INLET STREAM COMPOSITION FROM DISSOLVER

Moles/hr _ Mole %
Hy .918.72 | 62.6
N, 934.28 9y
co 2,667.93 . - 4.8
co, 391.02 645
NH, 5,29 . .009
H,S * 1,123.60 S ss.
H,0 49.20 .08
CH, 13,883.42 22.91
CoHg 1,599.33 '2.64
C3Hg 1,428.18 2.36
Cayg 472.29 o .78
1BP-200°F 86.40 14
200-300°F 29.25 ‘ .05
300-350°F - 1.88 .003
350-400°F 0.22 .
400-4505;_: ©0.03 o
“TOTAL 60,591.4
1b/hr 605,464
MSCFH 23,025

InTet Pressure - 1095 psig

Inlet Temp. - 86°F
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NaZCQ3 +'H25-.—-HaHS + NaHCO3

fhg ééustic is not reggnefatedv» The NaOH make-up is-approxi-
mately 6TPD. | | ' _ v
| Steam is used tb reboi] the rich amine solution from the Ralph:
M. Parsons flowsheets which spec1fy an MEA concentrat1on of 18% (weight)

and a f1owrate of 2850 gpm, the amine rebo11er uses 190,300 1bm/hr
(166 5 MMBtu/hr) of 1ow pressure steam.
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ALTERNATIVE ACID GAS REMOVAL SYSTEMS

There are other acid gas removal prbceéses available that are
more energy efficient than the amine process. Uhforthnafe1y, the par-
tial pressure of:the acid gas is too small for these.processes to Qérk
efficient]y(3);, | | '

DEA (diethanoiamine) offers a substantial energy séQings;‘as
well as a savings 'in chemical costs. The mechanism by which it sweetens
the gas is essentially the same as MEA, and an analagous set:of reaétion
equations can. be written(z). The energy savings results from the lower
heats of reaction of H,S and CO, with DEA(Z). Thus, less steam is needed
to reboil the rich amine solution. The calculated steam savings per
year is 1.267 x 108 1b" (see Appendix A). The savings in chémica]‘costs
result from a lower vapor pressure than that of MEA. The DEA make-up
reqdirements are 50% lower than that of a similar MEA system(3)h The
resulting savfngs in chemical costs are $88,180.00/yr (see Appendix B).

Another advantage of DEA is its ability to react reversibly with
C0S, unlike MEA, which reacts irreversibly. Thus, both amines will rémove
COS from the gas stream, but MEA will be deactivated, while DEA will .not.
COS does exist as a trace compound in the dissolver.

With minor modification, the DEA system would utilize the same '
parallel contactor system as the proposed MEA system. A 30% DEA so]gtion
has a slightly higher pickup rate than 18% MEA (see Figure 2) thereby cut-
ting pumping costs slightly. Operéting with the caustic wash, the 30%
DEA system wf11“bring COZ lTevels to less than 5 ppm, and HZS levels to
less than .25 grain/ccf(3), | .
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ECONOMIC COMPARISON OF DEA AND MEA

In comparing the economics of the two systems, the following

assumptions will be made:

1. Process plants ére considered equivalent.

2. Labor, maintenance, and startup costs are
equivalent. o

3. Caustic consumpt{on is equivalent.

Therefore, the basis of comparison will rest solely on energy and amine
consumption. |

The annual ‘steam savings of.the DEA systém is $316,760.00/yr
(see Appendix A). . |

The annual amine make-up cost of each system is:

MEA - $180,180.00/yr
DEA - $ 92,000.00/yr (See Appendix B)

The annual DEA make-up cost is $88,180.00/yr less than the MEA make-up
cost. '

The cost of the initial charge of chemicals for each system is:

MEA - $117,000.00
DEA - $200,000.00 (See Appendix B)

The DEA chérge is $83,000.00 more than the MEA charge.

Therefore, in the first year the savings realized by the DEA
system are: $88,180 + $316,760 - $83,000 = $321,940. In subsequent years
the annual saving are: $88,180 + $316,760 = $404,940.0verthe twenty year
life of the plant $8,015,800 is saved, in 1977 dollars.
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T

CONCLUSIONS AND RECbMMENDATIONS

'Since the DEA system meets h tﬁe required -plant s'peéi'ficétic)ns g
(<5 ppm-CO,, .25 gr?ain/ccf*HZS) and saves a s.ignifibce'nt a.mour’\t"tof energy
as well as chemj'cals, it should be used. There exists an additional. area
for 'energy. sa\.n'r_\gs 1:n t{:he‘ DEA system. A step-dow_ﬁ tqrbine"i’n__:j‘._tvaﬂed_b.eg
tweeﬁ the contactor and the surge tank could supply up to 50% of the
shaft power required to-drive the high pressure amine pumps. Th1s 1s

1200 Hp or $177 000 sav1ngs per year for e]ectr1c1ty at .025 $/KM "(6)
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APPENDIX A
ENERGY SAVINGS OF DEA SYSTEM

The following aésumptions will be made:

1. Specific heats of 18% MEA solution and
30% DEA so]ut1on are equ1va1ent

2. F1ow rates of MEA and DEA are equivalent.

3. Saturated steam @ 50 psia is condensed
to saturated liquid @ 50 psia in the
reboiler of both the MEA and DEA systems.

(6)

. 4. The cost of 1ow pressure steam is $2.50/mib

.The heats of formation of CO2 and HZS for the»two amine systems

are:
MEA - HpS: 820 BTU/1bm
C02: 825 BTU/1bm
DEA - H,S: 511 BTU/1bm
C0,: 653 BTU/Tbm
The mass flow rates of H,S and €0, are:
HZS: 38277 1bm/hr
COZ: 17208 1bm/hr
' The energy savings per year of a DEA system can be calculated
as follows:

oS¢ (820-511) BTU/Tbm-Hy$ + 38277 '™"H2%nr . 7920 hr/yr*

10

=9.37 x 10 BTU/yr

C0,: (825-653) BTU/1bm-CO, - 17208 ™0 hr . 7920 hr/yr
= 2.3 x 100 sTU/yr

10

Total savings per year: 11.71 x 10°~ BTU/yr.

*Basis - 330 Day year



*
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From the first laW'of §hermbdynamics:

Q=M =)
@ 50 psia, hy - hg = 924.2 BTU/1bm.

e _ A 10 .
Q= 11.71 x 10 BTU/yr.
Therefore,‘the amount of steém saved is:
M= Q/(hy - hy) = T1.71 x 10'%/924.2 = 1.267 x 108 1bm/yr
which is a dollar savings of: , :
1.267 x 108 Tbm/yr * 1 mib/1000 1bm * 2.50 $/mlb

= 316,670 $/yr
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APPENDIX B
CHEMICAL COSTS FOR DEA AND MEA SYSTEMS

,ot

Assumptions:

1. Caustic consumption is the same for both the MEA
and DEA systems.

2. DEA make-up is one-haif MEA make-up.
Initial Charge:

MEA, 18% solution: - 300,000 Tbm @ .39 $/1bm3)
'$117,000.00

DEA, 30% solution: 500,000 1bm @ .40 $/1bm(3)
$200,000.00

Therefore the additional initial lost for the DEA system is:
$200,000 - $117,000 = $83,000
" Annual Make-Up:

MEA solution: 462,000 Tbm/yr @ .39 $/1bm
$180,180.00/yr -
DEA solution: 230,000:Tbm/yr @ .40 $/Tbm
$92,000.00/yr

The DEA éystem saves:

$180,18Q - $92,000 = $88,180 per year
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PREFACE

Improving bower plant efficiencies is receiving ever-increasing
attention today because of the realization that our fossil fue];v
are in finite and dwindling supply. Most experfs agree that gpa1
is plentiful enough to warrant its use on a much wider scale for
power production in order to provide a near-tgrm-;o1ut19n to the
energy crisis. Coal gasification provides a relatively simple
(and economical) way to remove the su]fur from the coal. Moreover,
the combined-cycle concept may be used'to heip boost qverq11 plant
performan;e. This study shows how these two concept; may be
integrated for the production 6f electrical energy. Indeed, seeking.
the optimal plant design results 1n‘energy conservation in.its most
basic form.

One of the key results pertains to the design constraints
provided bykthe federal emission standards. Without consideration
of - the pollution criteria, a station efficiency of 41 percent may
be expected; this is equivalent to a station heat rate of only
8300 Btu/kwhr. With consideration of the crfteria, the station
efficiency is reduced to'about 37 percent or to a heat rate of
9200 Btu/kwhr. It is readily seen that meeting the pollution
criteria requires an additional 900 Btu of energy for each kilowatt-
hour of electrical energy produced.

Overall performance may be improved substantially by increasing
the gas turbine inlet temperature froh 2000 to 2400°F. A 400°F

increase in this parameter improves the station efficiency by about

X-ii



5 percentage points to nearly 42 percent or by about 1100 Btu/kwhr

to a station heat rate of only 8100 Btu/kwhr, with consideration

of the pollution criteria. - |
Clearly vast amounts of energy may'be conserved by improving

powef plant performance. A]though‘fhe.po11utioﬁ criteria fékéAA

their toll on station efficiency, the next generation of gas

turbines should make this integrated gasification and combine

cycle concept very attractive from an énergy utilization v1ew§b1nt.
The research reported in this document was conducted by';

F. L. Stasa as a PhD thesis in the Mechanical Engineering Depérfment

at Carnegie-Mellon University. J. F. Osterle was his thesis adviser.

The work was partially supported by the subject DOE Contract.
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ABSTRACT

"Thermodynamic models of both an adiabatic and an endothermic coal
gasifier integrated with either a waste heat combined cycle or a super-
charged boiier combined cycle are developed and incorponated'into a
Fortran computer program.‘*Thefadfqbatic gasification process require§
air and steam, while the endothermié gasification process requires only
steam. The former produces a Tow-Btu power gas, and the latter an inter- ‘
mediate-B%u power gas. Most of the sulfur in the coal is removed after
the gasification step in the form 6f~hydrogen sulfide. The resulting
relatively clean power gas fires the combined cycle which is composed
of an open Brayton cycle and a superheated regenerative Rankine cycle
without reheat. Certain components are added to each configuration in
an effort to improve thermodynamic performance, with the effect of each
clearly noted. Each configﬁration is optimized with respect to certain
key operating parameters, with and without consideration of the power
plant emission standards established by the federal gerrhment through
the EPA. Total éonsumable water requirements and steam cycle heat
rejection requfrements are also noted. Certain key parameters, like
coal compositioh, ére varied and the effect on performance is noted.

From the results, it appears that a minimum number of feedwater
heaters should be used. Intercooled air compressors are not warranted.
At least one regenerator is crucial to the success of the two configu-
rations employing adiabatic gasifiers. Without consideration of the

pollution criteria, the waste heat configurations are superior to the



supercharged boiler by mofe.than 5 peréentgge points on station efficiency,
with 41 percent for the former and only 36 percent fdr thé latter. Al
station efficiencies include a 10 percent penaltyAfor station loads. With
consideration 6f the criteria, the station»éfficiencies for each configura-
tion are within 1 percentage point of each other when f]ue gés r9c1rcu1ation
is used as a means tb éontro1 the amount ofiniirfc”oxide ﬁhich-enters‘thé
atmosphere. With a gés turbine inlet témpératﬁre bf 2000°F anq with consid-
eratibn of the pd]iution criteria, the cdnfiguration emyloying an adiabatic
gasifier and a waste heat system is‘marginally the best with.a station
efficiehcy of only 37 percent. The success of pdwer generation schehes
utilizing integrated Qasification and combined cycles appears to be dépen-~
dent .on an increased gas turbine inlet temperature; for a 400°F inérease, '

thé sfation efficiency improves by 5 percentage points.
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CHAPTER 1
" OBJECTIVES

. The pr1mary objective of thlS d1ssertat1on is to prov1de a un1f1ed and
consistent thermodynamlc treatment of 1ntegrated coal gas1f1cat1on and
' -comb1ned cycle power p]ants Two coal ga51f1cat1on processes and two com-
b1ned cyc]e concepts will be 1ntegrated to produce four possible plant
' conflguratlons The best conf19urat1on will be sought w1th respect to(
thermodynamic performance whlch is deflned qua]1tat1ve]y as usab]e energy
output compared to energy input Later it will be seer: that ‘the statlon
eff1c1ency will be used to quantitatively assess the cycle performance.
Beginn1ng w1th the four basic cycTe conf1gurat1ons, certain compo- -

nents will be added in an effortvto 1mprove thevperformance. It‘wil] be.
instructive to take each of these potentia] improvements in turn and to
note the effect on each configuration. The purpose of this is to see
more clearly the effect of adding a particular component. We shall see
that performance is not always enhanced by adding equipment usually
associated with improving overall efficiency.

‘Having done this preliminary "optimization" with respect to com-
ponents, we shall then optimize each configuration in turn, trying to
seek the bestbconfiguration. In order to see more clearly the effect"
of meeting the federal emission standards with respect to nitrogen oxides,
this optimization will be done first without consideration of the appli-
cable criterion. From the outset, however, the criterion on sulfur
~ dioxide will be met since one of the primary reasons for coal gasifi-

cation in the first place is to provide a relatively easy way to remove
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most of the sulfur from the system well before the products of combustion
enter the stack. The effect on cycle performance of meeting the nitrogen
oxide emission criterion via flue gas recirculation will be'clearly
identified.

With each configuration optimized and designed to-meet the federal
emission standards, other important results will:be given. Among these "
are'the consumable water requirements and steam cycle heat rejection
requirements. .For completeness, typicél compositions of the gas leaving
the gasifier and the gas leaving the combustor will a156 be noted.

Finally, parametric studies on some key parameters will be pre-.
sented. Included in these are coal composition, regenerator effective- -
ness, pressure drop and component efficiencies, boiler pinch point
. temperature difference, and gas turbine inlet temperature.

The relevant results are presented in Chapter 5 with the.conclusions
and recommendations for further study. in Chapfek 6. It should fukther
be noted that, as much as is feasible, off-the-shelf equipment’ is to be
used. For example, currently available gas turbines with a peak tem-
perature of 2000°F‘are used instead of advanced technologies like air-
or water-cooled turbines. Consequently, it is believed that the resg1ts
to be presented later are indicative‘of the performance that can be .
expected with the technology of today.

It should be noted that economic cqnsiderations are outside the
scope of this dissertation. This very important facet of the design
problem is necessarily outside the realm of thermodynamics, since
eqqipment would first have to be sized. .Hopefully, this disseration

may provide the starting point for .such an.extension to this work.
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CHAPTER 2
INTRODUCTION
" 2.1 Combined Cycles

Before describing two primary types of combined cycles, let us motivate
the reason for considering combined cycles in the first place, Consider the
thermodynamic cycle of a simple heat engine whose schematic ié shown in
Figure 2.1-1. Let us take Q1 units of heat from a high temperature reser-
voir, let it be the heat source for a heat engine that operates in a cycle,
and extract Wy, net units of work. The second law of thérmodynamics requires
that heat be'expe11ed.from the cycle to the low temperature reservoir. Let
the amount of rejected heat be Q,. The first law of thermodynamics requires

that

Q; = W2 +Q, . . - (2-1)

The cyclé efficiency n is defined to be the ratio of the net work Wya to

the heat input Q,, or

3
[}
Dkﬁ
pary

(2.1-2)

Now consider two such cycles in series, as shown in Figure 2.1-2.
We shall refer to this arrangement as a combined cycle. The heat Q; from
the high temperature reservoir drives the first hea@ engine which broduces
net work W;,. The amount of heat rejected to the second cycle is Q. In
this cycle, Wy3 net units of work are produced. The second cycle then
expels Q3 units of heat to the low temperature reservoir. To make our
discussion more general and closer to our observations of the real world,

let us further assume that Q£ units of heat are transferred directly.to
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the low temperature reservoir from the first engine; thus, QZ represents a
heat loss. This is shown by the dashed line in Figure 2.1-2. Tﬂe thermo-
dynamic efficiencies for the first heat engine alone, the secqnd heat engine

alone, and for the two engines combined become respectively

W | e
m = Q—i-z- . : , (2.1-3)
"ty o @19

and

Tec T T Q ) (2.1-5)

If 8 is defined to be the ratio of the heat loss Q, to the heat input to

the second cycle Q2, we may write

g = % | | . ] (2.1-6)
Then using Equations (2.1-3) and (2.1-4) in Equation {2.1-5), the following
expression results for the combined cycle effiéiency in termsvof only ni,

ny, and 8:
| =n + []'“1] : (2 i-7)
fee ™ M T+8 | M2 h

From the definition of 8, note that g=0 corresponds td no heat loss from
the first heat engine. If 8 is infinite, then no heat ié transferred to
the second heat engine and the combined efficiency Nee should be equal to
n;. This last observation is consistent with Equation (2.1-7).

Let us examine the implications of Equation (2.1-7). Considering the

“abscissa to be np and the ordinate n.., Equation (2.1-7) represents a

straight line with n; as the y-intercept and the quantity (1-n£)/(1+8) as
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the s]opel Clearly, the presence of B in the denom1nator of the express1on
| for the s]ope serves to reduce Neet The best combined cycle efficiency is
.obta1ned when 8 1s zero. When B is one, half of the heat "rejected" from
the first heat engine is Tost and half drives the second heat engine. Let
“‘us plot Nec VYersus np with n; as a parameter for these two values of B, as
shown in Figure 2.1-3. In this figure, the solid lines correspond to 8=0
and the dashed lines to g=1. -
Consider first the case of no heat loss (8=0). From Figure 2.1-3:it

may be seen that Nec is always greater than both n; and‘né.‘ For example,
if n;=0.25 and n;=0.25, than ncc=0;44 which. represents a 'significant
increase. A considerable amount of additional work, therefore, may be .
obtained by connecting two cycles in series thermodynamically. Let us
now see how the presence of ‘a heat loss affects the combined cycle
.efficiency |

| ‘ Cons1der the case of a heat loss from the first heat engine to the
1ow temperature reservoir such that Qz G2 or 8=1. From Figure 2.1-3\1t
is seen that for the example above now ncc=0.34, instead of 0.44 as before.
This clearly indicates that the efficiency of a combihéd'cycie may be
improved significantly over that of both the individual cycles by reducing
the heat.-loss from the first cycle. Th1s assumes, however that m and
n, remain unchanged which is un11kely From the def1n1t1on of a, it is
seen that 8 may be decreased by reducing Qz or by increas1ng Q. Mak1ng
Q; larger with 8 f1xed, however, necessarily lowers ﬂ1 Let us derive
an alternate expression for e that will prove to be more usefu] than
Equation (2.1-7) in exp1a1n1ng some of the results to be shown 1ater in

Chabter 5.
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An equivalent expression for Nee is given by

Qe + Q :
e =] - —'6-1— ‘ - ' ) : ‘(2.]-8)'
and for ny by
: q, .
=1 - Y o . (2.1-9)

Solving Equation (2.1-9) for Q3 and substituting this result into Equation
. (2.1-8) gives

+Q,) 0 | k |
Nee © 1 - [_—7ET-J + 3 "2 | : | (2.1-10)

As we shal] soon see, a practical application for'this combined cyc1é
concept i< the gas turbine cycle combined with a steam cycle. Reducing the
heat loss.Q, from the first or gas cycle will be tantémdunt to reducing
the heat transfer to the environment, including §tack gas losses. Chang-
ing the heat input Q; to the second cycle will be equivalent to changing
the heat transfer in the boiler from the gas cycle to the steam cycle.
It .can be easily shown that the above combined cycle concept is
sUperjqr to an ordinary gas cycle with regeneration. Let us assume that
again the gas cycle efficiency (or nl-ésove) ijs 25 percent. In additfon;
we conservatively assume that as much as 50 percent of the rejected heat
is used to help provide the heat input to the cycle by regenerat1on

This last assumptlon will put an upper bound on the gas cycle eff1c1ency
with regeneration, since it is. unlikely that 50 percent of the heat
source could be provided'by this method. Let us arbitfar11y norma1ize
this brief calculation on 2 units of work. As shown in Figure 2.1- 4

this 1mp11es 8 units of heat into the cycle with 3 coming from the
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regenerated rejected heat:and 5 coming from the high temperatore reservoir.
Only 3 units of heat are actoa11y~rejected to the low temperature reservoir.
Again we see'that the engine by itself is only 25 percent efficient, but
the entire system taken together is 40 percent-efficient. dthe combined
cycle above was shown to have ancefficjency'as high as 44 percent under
consistent assumptions C]early. the combined cycle concept has a higher
potent1a1 to boost overall p1ant performance ‘

" In summar121ng, application of the combined cycle concept could
result in a significant increase in thermodynamic efficiency. Better
overall performance can be'expected‘for the combined cjc]e than for the
simple gas turbineicycle with regeneration. fwo feasible gas-stean
‘combined cyc]e concepts will now be d1scussed the waste heat system
and the supercharged boiler system. |

A simple gas turbine cycle is shovn schematically in Figure 2.1-5.
Note that th1s is an open cyc]e, since the air and fue1, presumably in
a different chemical form, are eventoa11y expelled to'the atmosphere.

Air is compressed by a compressor to an elevated pressure, mixed with
fuel, and burned in the combustor The hot product gas then expands in
the gas turb1ne~where useful work ts ‘done by the fluid before being
expelled to the atmosphere. This cycle is known as an open Brayton
cycle. The purpose of the cycle, of‘course, is to produce net work.

We shall see in Chapter 5 that this.cycie by itself is not very effi-
cient, but its use in‘combinedfcyc1es significantly enhances the overall

cycle performance. Typical gas turbine exit temperatures are in excess
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of 1000°F.. There is enough sensible heat in this exhaust gas to generate
a significant amount of superheated steam in a steam cycle. .

A simple schematic of 'a closed steam cycle is shown in. Figure 2.1-6.
In fact, this particular cycle is known as.a Rankine steam cycle. Steam
which is generated in the boiler from an external heat sourcé}is,expanded
in a steam turbine to.a very low pressure. The fluid is then condensed in
a condenser before it is pumped back into the bofler to continue the cycle.
As mentioned above, there {is sufficient sensible heat in the gas turbine
exhaust .to supply the heat necessary in the boiler to raise about 1000°F
superheated steam. The efficiency for this steam.cycle .can be quite good
when improvements to the cycle are made, such as regenerative feedwater
heating. Let us now expound on the concept of the waste heat system

It has already been agreed that it is feasible to use the gas. turbine

exhaust.to provide the heat needed in the boiler. Because the waste heat
from the gas cycle is being used in this boiler, it is.referred to as a
waste heat boiler. The resulting combined gas and steam cycle, or com-
bined cycle for short, will be referred to as a waste heat boiler system
or even a waste heat system. As discussed in more detail in the next
chapter, the waste heat bo11er.1s composed of three sections: the super-
heater (SH); the evaporator (EV), andjthé economizer (EC). Suffice it
to say now that the exhaust gas passes through the gas-side of the waste
heat boiler in the order of superheater, evaporator, and economizer and
leaves the system through the stack. In Fighre 2.1-7 the path of the
gas from the combustor to the stack is summarized.. Becausé of meta]lqr-

gical considerations, the gas. turbine inlet temperature for land-based
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operation may not exceed 2000°F based on present technology. Because the
" adiabatic flame temperature of the gas is much higher than this, the gas
will have to be burned with a great amount of -excess air. The excess air
serves as a diluent, of course, since it wf11 enter the.combustor at a
temperature significantly below the adiabatiC'f1émé temperathre.

‘A second feasible way in which the Bréyton and Rankine cycles may be
1nc6rporated into a combined cycle will now be discussed. Instead of
expanding the gas in ‘the gas turbine before allowing i;:to enter the boiler,
let us try to do the reverse; that is, Tet us try to burn the gas in the
combustor, generate steam in the boiler, and then exﬁand the gas in the
gas- turbine. . First it should be noted that if the economizer is before
the gas turbine, the gas turbine inlet temperature will be necessarily
too low to produce a significant amount of work. As a minimum, the gas
‘ turbine will have to be located upstream of the economizer. Second it

should be noted that the highest possible turbine ih1ét temperature,
‘20009F, should be uﬁed to get the best cycle efficiency. In order to "
have 2000°F gas after the superheater and evaporator, a gas:temperature‘
much higher than this is needed at the inlet to the evaporator and
superheater sections of the boiler; that is, the gas should te burned
with a minimum of excess air in order to obtain a gas temperature near

. the adiabatic flame temperature. Finally, because of the extremely high
combustor exhaust temperature, the evaporator section must be .placed
upstream of the superheater section with respect to the gas-side flow.
The reason for this, of course, is that the bof1ing in the evaporator

sectfon results in much higher heat transfer coefficients than the
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single-phase heat transfer which occurs in the superheater. The high heat
transfer coefficients due to boiling in the evaporator can betfef accom-
_modate the high heat flux associated with the very hot combustor exit -
gas. The path of gas from the combustor to the stack is summarized in
Figure 2.1-8. ‘ :

This arrangement of gas cycle and boiler components will be referred
to as a supercharged boiler, and a combined éyc]e which uses this type
of boiler will be referred to as a supercharged boiler system. MNote that
the distinquishing feature between the two combined cycle concepts that
have been discussed is the path of the gas through the combined cycle
along with the resulting implications. In the waste heat system, the gas
proceeds vrom the combustor to the gas turbine followed by the waste heat
bqi]er. In the supercharged boi]e} system, the gas proceeds from the com-
bustor to part of the supercharged boiler before going to the gas turbine
and finally the economizer. The implications are that the gas for the
former must be_burnéd with a large amount of excess air and that for the
latter with a minimum of excess air.

'As we shall see in the next chapter, this difference between the two
combined cycle concepts results in two different modes of operation for the
combustor model. For the waste heat system, we shall want to specify the
turbine inlet temperature (which is the same as the combUstof outlet temper-
' éture) with the amount of excess air to be calculated. For the supercharged
boiler system, it will be convenient to be able to specify the amount 6f ex-

cess air to be supplied to the combustor with the combustor exit temperature

q
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to be calculated. These modes are easily accommodated. in our model as we
shall see in Section 3.2.
Next, coal gasification is examined as a means of providing a clean

gaseous fuel source for the two combined cycles that have just been discussed.

'
i

2.2 Coal Gasification _

“Lét‘us define coal gasification as alproéess'which converts coal into a
gas which contains combustible chemical species. We shall see shortly sohe
of the ways in which coal gasification may be accomplished. Also, we shall
examine how the various processes affect the heating value of the gas which
is produced, eventually limiting these alternatives to only two: adiabatic
gasification of coal with air and steam and endothermic gasification with
steam only. Let us initially limit the discussion to pufe'solid carbon (C)
instead of the more problemsome coal to establish the distinguishing features
of the various ‘coal gasification processes. Of course, in the final analysis
the carbon will be replaced by coal, which will significantly increase the .
complexity of the analysis.

Let us try to put coal gasiffca;ionlinto perspective by considering
first the basic combustion réactién of pure solid carbon (C) with stoichio-

metric air.i For added simplicity, let us assume only nitrogen (N,) and

oxygen (02) are present in the air. .The reaction equation is

C(s) + 0, + 3.76N, + CO, + 3.76N2 ' . (2.2-1)

where (4)'denotes the solid phase énd where it has been assumed that there
are 3.76 moles of N, per mole of 0, for the air for these simplified caTEu-

lations only. Let us now consider a hypothetical experiment in which the
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reactants enter a cohbustion chamber in a steady-flow process at ambient
conditions and the products leave at the:.same conditions. Approximate]y
14,100 Btu of heat per pound of carbon will be.given up to the environment
during the process and the product gas will have no heating value; that is,
‘the carbon dioxide (C0,) is not capable of further combustion in air..  In
‘this somewhat simplified discussion the distinction between high and low
heating values will not be made. |
Next the carbon.is reacted with only ha]f‘pf.the stoichiometric air

according to the following reaction

C(s) + 1/2 02 + 1/2(3.76)Ny + CO + 1/2(3.76)N, (2.2-2)

Instead of forming CO,, the reaction produces carbon monoxide (CO), which
has a non-zero heating value since CO can be burned further in air to form
C0,. If the same type of exper1ment described above is performed now onIy
3960 Btu of heat are given off per pound of carbon However, the heat1ng
value of the CO makes up the difference. The reaction has produced a gas,
composed of CO and the diluent Nz, which has an effective heatino vaIue of
about 110 Btu per standard cubic foot (étu/SCF) of'product gas. It is
1mportent5to‘remember that heat is released for this reaction.‘ To put
this in perspective, let us compare this heating ralue to that'of natural
ges Which 1sfapproximate1y 100048tu/SCF. It is readily seen'that the gas
‘which was produced has about on1y fo percent of the heating value of natural
gas. ' o |

In order to e11m1nate the dl]uent N2 from the product gas, the carbon

‘may be reacted with half a mo]e of pure 0, accord1ng to



C(s) + 1/2 0, + CO (2.2-3)

in which only CO is produced. ' Again this gives up about 3960 Btu of heat,
but.the.heating value of the gas {s now 310 Btu/SCF of product gas, or 30
- percent of that of natural gas. However, the chief’disadvaniage of this
process 1ies in the fact that pure 0; {s needed as a reactant. Let us now
show how just about the same heating value may be obtained without the use
of pure 0,3. |

Let us react the pure solid carbon with steam and, according to

the following balanced chemical equation, produce CO and H, (hydrogen)

gases.

C(s) + Ha0(g) ~ CO + Hz (2.2-4)

This reaction 1s endothermic, however, and aequ&ne& about 9400 Btu of hpat
'1f the same kind of experiment {s performed. However. 2 gas has been -
groduced‘that haa a heatjng.va1ue-of abput 299 B;u/SCF without the use..
of pure 62; It is 1mportant to keep in mind that heat is required to
effect th1s reaction. . | | ‘)
Let us fo11ow the usual convention used 1n the 11terature and refer
to a gas with a heating value in the range of 0 to 200 Btu/SCF as. a 1ow-
Btu fuel gas, one in the range of 200 to 400 Btu/SCF as an intermediate-
Btu fuel gas, and one above 400 Btu/SCF as a high- Btu fuel gas. Natura]
gas and synthet1c natura] gas, of course, are 1nc1uded in the 1ast category.
Severa] coal gas1f1cat10n processes exist which produce a high-Btu gas.
These processes are cons1derab]y more comp]ax.than those described above

and require much additional equipment. Also, it makes no sense to produce



a high-Btu gas .to be burned and used in an e]eﬁtrica] power generation scheme.
We shall see in Chapter 5 that very high flame temperatures are possible
with allowp or intermediate-Btu gas. Let us restrict out attention, there-
fore, tovonlyAthese two types ofvpoker gases{

It is-instructive to summarize the above'gasi%ication reactions. By
reacting carbon with half stoichiometric air, a 1oQ;Btu fuel gas was obtained,
but heat was produced. By reacting carbon with pure 0, an intermediate-Btu-
fuel gas resultgd with heat again being produced. ‘By reacting carbog with
steam, an intermediate-Btu fuel gas was produced but heat was requined. Let.
us now e]fminate the procesé which requires pure 02 from fufthér'cdnsider«
ation'on4the grounds that an expensive oxygen plant would be required and
that an intermediate-Btu gas may be obtained by the endothermic reaction of
carbon with steam anyway. It is. rather easy to see that if the reaction in
Equation (2 2-2) releases heat and the react1on in Equat1on (2.2-4) requires
heat, then the two could be combined in such a way as to have no net heat
transfer. We sﬁa]l refer to this gasifjcation process of carbon (and later.
coal) with steam and dir with no net heat transfer as adiabatic gasification
for short. In Chapter 5,_1t will be seen that this process produces a low-
Btu fuel gas with a heating value of about 150 Btu/SCF, since the diluent
N2 is present in a significant amount from the air that is used. We shall
refer to the gasification process of carbon with steam (and no air) and
with heat transfer;io the process as endothermic gasification for short.

It will be seen that th1s.process produces .an intermediate-Btu fue] gas
with a heat1ng value of about 300 Btu/SCF

It should be noted that 1ater when the carbon is replaced by coal,

compounds -containing sulfur will be formed. Most of the sulfur fortunately
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-ends up.as hydrogen sulfide (H,S) and a much smaller amount as .carbonyl
sulfide (C0OS). In the next section the implications of .this are discussed.
It s apphopriate at this point. to’state‘sone of-the advantages of
coal. ga51f1cat1on to power an electrical power generation p]ant 'The fact
~ has been establlshed that combined cycles: have a high potent1a1 to increase
overall-power p]ant,efficiency. It then followed that a gas and steam. '
,cycie cou1d'be combined in such a way to achieve this objective. Using

natuha] gas or oi] for thishpurpose may be ruled out because these sou?ces
are expected to be in short supply in the near. future. Eecause of the.
high potential'forsblade erosion problems in gas turbines using the products
of combustion from(coal, a~re1afive1y clean fuel is'needed fn'order that
the work1ng fluid 1n the gas cycle also be relatively c]ean Coal gasifi-
cation prov1des such a fuel because proven techno]ogy1 is. already available
to clean the su]fur compounds (and part1cu1ates) out of the fuel if low
temperature ‘cleanup is accepted. In addition, it is more economicall to
clean gas at elevated pressures (which we shall do) than at low pressures,
and as we shall see in Chapter 5, there is a significant reduction in the
amount of gas to be cleaned if it is c]eaned before any combust1on takes
place. It is fe]t that these advantages prov1de enough 1ncent1ve for.
1ooking»for ways to utilize our most abundant,.a1be1t dirty, domestic
energy source. Coal gasification provides such a means.

[t will be necessary,,then,.to operate~the.gasifier in two distinct
modes : adiabatic-gasification of coal with air.andlsteam and endothermic
gasification of coal with steam only. In the next section a possible-
source for the heat needed for the endothermic process will be identified.

Also, it will be seen how these two gasification processes may be
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integrated with the two combined cycle schemes to form four different

electrical power generation plants.

!

2.3 Compined Cycle Power Plants Inteqrated with Coal Gasification Systems

In the last two sections, two practical'cqmbined cyc]es'and twb feasible
coal gasification prpcesses were discussed. This suggests four different
possitle.cye]e configurations: (1) an adiabatic gasifier jntegrated with a
waste heat system, (2)ian adiabatic gasifier integrated with a supercharged
boiler system, (3) an endqthermic gasifier integrated with a waste heat
system, and (4) en endothermic gasifier integrated with a supercharged
boiler system. Each of these basic coﬁfiguration descriptions will now be
used to put together the simplest possible cycie for each configuration..

As will be seen shortly, each.configufation will require'the following com-
ponents: a gasifier, air compressors, a steam generator, a gas throttle
valve, 2 gas cooler, a combustor, a gas turbine, either a waste heat boiler
or a supercharged boiler,‘steam throttle valves, steam turbines,:pumps, and
a condenser. In addition, a 1ow temperature desulfur1zation process is.
needed in wh1ch unwanted spec1es from the power gas are removed. Low
temperature cleanup is used since proven technology already exists for it.
It will be seen later that one such system could be the Benfield process. .
Let us now take each of these configurations in turn and lay out the sim-

plest possible component arrangement.

2.3.1 Adiabatic Gasifier Integrated with Waste Heat System
It should first be noted that it is necessary to. operate the gasifier

under pressure, since the power gas is to fuel the Brayton cycle. An air
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compressor is needed in ‘order to supply the air for the gésfficétion:p;dééés.
Since adiabatic gasification requires steam, a steam genefﬁtbr'ké.Fequired '
to generate the steam under pressure with the water being supplied by a

pump. Since it will be possible to pfoduée a very hot bowef*gas, some of
the sensible heat in this gas may be used to generate the required steam.
This is not only feqsible but also desirable, since thé géé must‘bé coo1ed. o
anyway for the low-temperature cleanup process. Obviou§1y; high temperaturé'u
cleanup would be more efficient, but it is not yef techno]ogiéé]]y nor
economically proven. A throttle va]ve'Will be placed in’ the gas flow path’
to make the operating pressures in the gasification‘and combustion systemst
compatible. ‘ )

Because the steam generator will not necessarily be able to lower then
gas temperature to within the operating range of the desulfurization prbcess
(between 200 and 260°F), a gas cooler will be néédéd/éo accomplish this.
After the "dirty" power gas is cleaned via the desulfurization process to
a spécif%ed purity, the "clean” gas is then burned in a combustor under
pressure with the air supplied by a‘setond air cdmpreséor.' The hot com- ~
bustor product’gas'is expanded in a gas turbine. The turbine exhaust‘gas
then is used ‘to supply the heat to the waste heat boiler, where superheéted
steam is generated for the Rankine cycle. The steam is expanded in a steam ?
turbine with the turbine exhaust being'condensed in a condenser. A feed-
water pump is used to supply the feedwater to the stéaﬁ-éide of the waste
heat boiler which operates under pressure, of course.

This relatively simp1e'basic arrangement and all modified versions of’
it are hereinafter referred to as Configuration 1. A simplified schematic

of this configuration is shown in Figure 2.3-1. The schematic representation
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of each component will be formally introduced in the next chapter, where
each component model is described. To avoid ambiguity on the schematic o%
Conf1gurat1on 1 and on the other three schematics later, each component is
labeled exp11c1t1y S1mp11f1ed schematlcs for the steam generator and

waste heat b011er are used at this po1nt

2.3.2 Ad{ebatic Ga;ifier InfeQrated with Supercharged Boiler System

As the description of this cohfiguration suggests, a sysfem similar .
to that of Configuration 1 is sought, but the waste heat-boiler is fo be
replaced by a supercharged boiier. The portion of the system from the
gasifier to the combustorAand its air compressor remain unchanged. However,
the product gas from the combustof now enters the evaporator and superheater
sections of the superchargedAboi1er pefore the gas turbfhe. The exhaust
gas from the turbine then passes through the economizer section of the
boiler. The steam cycle is identical te that of Configuration.l and will
not be discussed again here.

This arrangement, hereinafter referred to as Configuration 2, is shown
schematically in Figure 2.3-2. Note that again a simplified representation

is used.

2.3.3 -Endotherhic Gasifier Integrated with Waste Heat Boiler

Recall that, for endothermic Qesificafion. coal is gasified with steam
only. It follows that the air cbmpressor serving the gasifier muét be
removed from the systems showh thus far. In add1t1on a provision for heat
transfer to the gas1f1er must be included since endotherm1c gas1f1fat1on

is desired. Because the gasifier could conce1vab1y operate at high



temperatures (presumably well abové 1000°F), a high temperature heat soufcei.
must be used. Clearly, the combustor provides such a‘source,'and by using‘ |
some heat.transfer medium; heat can be removed in tﬁe combustor and frans-
ferred to the gasifier. The technicai.feésibility of accomplishing this {n_
practice will be discussed in Chapter 5. From the combustor.to tHe stack;
fhe-gas cyé]e and the steam cycle remain the same as inAConfiguration 1.

This basic arrangemeht shai] hereinafter be referred to as Configurafion 3,

which is shown schematically in Figure 2.3-3.

2.3.4 Endofhermic Gasifier Integrated with Supercharged Boiler |

Clearly for this configuration the éasification system of Cpnfiguration
3 must be integrated with the édmbined cycle grrangement of Configufation 2. A
Indeed, nothing is new at this point. This cyc]e.arrangement répresenté |
the final configuration and is shown schematica]]y'in FiQUre 2.3-4.: Tﬁis

basic arrangement shall hereinafter be referred to as Configuration 4,

2.3.5 Remarks
Four Basic cycle configurations have been developed which incorporaté

two gasification processes and two combined Cyc]é systems. For each of
thése configurations, the open Brayton cycle and Rankine steam cycle are
used. The components have been arranged in the simp]esf possible ﬁénner
under the constraints of each respective configurafion. .

' Theée'four.configurations represent the starting point from which‘the
cycles hay be optimized and improved. Recall that one of our'goals is»tél-

improve the performance of each cycle by setting bptimum operating conditions



and by adding components where necessary. This objective as well as the
others stated in Chaptér 1 can only be mgt through very tedious calcula-
tions, since the cost of an experimenta]vundertaking would be extremely
prohibitive.. The need for a mathematicai model of eéch configuration is
obvious. This éspect of the problem is approached by modeliﬁg each compo-
nent separately, which is ddne in Chapter 3. Also obvious is the need for
computer capability, since it wi]]_be_hecessary to éa]culate the'performance
for many different operating conditiohs. The component models developed in
Chapter 3 are used in the computer program, which is fully described in
Chapter 4. Finally, in Chapter 5, an attempt will be made to improﬁe the
basic cycle configurations shown in Figures 2.3-]4to 2.3-4 by adding

components and by specifying optimum operating conditions.

2.4‘ Background

Much work has been done on the design of various types of coal gasifiers
and gas cleanup systems and sﬁrprising]y']itt1e on the integration of these
systems to combined cycle power'p]ants for the produttion of e]ectrfca]A
energy. It is instructive to summarize some of these gasification and
cleanup system§ to demonstrate the large degree of .flexibility in designing
an integrated‘system. In‘fact, both the gasification and cleanup systems
seem to be so flexibile that the results of this dissertation may be used
as a basis for designing new systems. For example, one of the key results
from Chapter 5 will be the optimum gasification temperature and pressure
which fixes certain other parameters such as steam and, for the adiabatic
case, air flow. This type of result may be helpful when one actually tries
to design a coal gasifier capable of operation under conditions which are

optimum with respect to overall performance.
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It is a well-known fact today that some sort of coa1 gasification
technology hasrbeeh in existence for almost 150 years@ In the early 1830 s,
Faur built a low- Btu gasifier for the product1on of a producer gas ‘In
the 1920 s, there were about 11 ,000 ga51f1ers of this type most]y used by
the steel industry. Admlttedly, these systems today are no 1onqer feas1b1e
because of updated env1ronmenta1 constra1nts In the mid 1870 S, an
: intermediate-Btu fuel gas was made by the blue water gas process. More
,than.fifty years 1ater this was followed by the Lurgf process? which is
now being used in at least fourteen industrial plants3. Clearly, processes.
for the production of low- and intermediate-Btu gas have been in existance
for a long time.

The present state of affairs is sumharized best by an ad hoc panel of
the National Research Council which was established to assess the state of
Tow- and intermediate-Btu coal gasification technology: |
A ..:there hes been a long hiatus in the use of gas producers

. and in the development. of new technology for making producer -

gas. Recent interest in the development of related technology

stems. from the hope that it will provide a means for producing:

a clean fuel from coal and, from the possibility of increasing

the efficiency of coal conversion if the gas is generated under

pressure and used in a combined cyc]e he1p1ng to alleviate the

shortage of scarce fuels.!

Many processes have since been- devised, thus demonstrating the inherent:
flexibility in gasifying coall. The coal and gas flows may be parallel- '
fiow or counterflow. The gasifier may operate at atmospheric pressure or
under -pressurized conditions. Air or oxygen may be used in addition to.
steam. Heat may be added to the process, eliminating the need for pure
oxygen*. Tar, soot, mercaptans, pheno]s, thiophenes, and so forth may be

avoided by operating the gasifier at high temperatures. The ash may be -

removed in dry, slag, or agalomerated form. The gasifiers are typically
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classified as fixed bed, fluidized bed, entrained flow, molten bath, and
underground !.. Obviously the last two types are not applicable to the
problem of interest and will not be discussed further.

The fixed bed gasifier designs are well developed. Coal and gas flows
are countercurrent. This typé of gasifier typically has long residence
times which allows for essentially complete carbon conversion. " Operation-
at elevated pressures could be problemsome because of softening, sticking,
and swelling of some bituminous coals!. Gas exit temperatures are usually
less than 1200°F which means a large amount of tars, phenols, and so forth
are formed. 'Among-the dry-ash pressurized protesses are Lurgi?, Gegas?,
and MERCS, The present Lurgi process is capable of using air to produce
a. low-Btu gas or pure oxygen to produce an intermediate-Btu gas,'which may
fhen be used as a feed for the production of synthetic natural gas. The
Gegas process has a much lower steam-to-air ratio than is typical of this
type of gasifier. The MERC process produces about 3% tar, indicating a =
relatively low gasification temperature. The Wellman-Galusha3 and
Kellogg? systems use atmospheric dry-ash fixed-bed gasifiers. Among
the slagging fixed-bed processes are the British Gas®, ERDA/GFERCS, and
Thyssen-Galoczy S, the last of which gasifies coal at almost 3000°F, but
at atmospheric pressure. ' |

Fluidized-bed gasifiers?® are better §uited for continuous gasification
at high feed rates!. This gaéifier type is capable of using a wide-range
of coals. Again the ash can be removed in two different forms: dry or
agglomerated. One dry ash process, Winkler3, which has been commercial
since 19261, has a gasification.temperature in the range of 1500°F to

1850°F and pressure at about'atmosphericl Even at this relatively low
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temperature nortar or hydrocarbons are formed. This system uses a heat
recovery system before the gas purification stages. Sixteen industrial
plants are presently in operation. Similar to this type of gasification
" system are the CO,-Acceptor3, Exxon?, Synthane3; and U-Gas3 processes.
These_are basically used to-provide an intermediate-Btu gas as a feed to
the methanation step in the production of synthetic natural gas. The CO;-
Acceptor is somewhat unique in that heat is provided for the carbon and
steam reaction by reacting the carbon dioxide with dolomite. This repre-
sents another way to.get‘an intermediate-Btu gas without the use of pure
oxygen. Operation is pressurized from iSO to 300 psia and gasification
takes place at 1600°F. Dolomite serves a secondary purpose also; it is
used to remove the H,S (and C0,) from the product gas. In the U-Gas process,
gasification takes place at about 350 psia and 1900°F3. Again heat recovery
takes place before the gas is cleaned. Among the agglomerating.ash pro-
cesses are<those by Union Carbide? and by Westinghouse3. -A]though the Union
Carbide system is designed for atmospheric pressure, plans for 100 psia
operation are under way, for which higher feed rates arevexpected.A A unique
feature of this process is that heat for the carbon-steam reaction is pro-
vided by circulating hot ash. This process also has a heat recovery stép
before the purification system. Raw product gas leaves the.gasifier at
about 1800$f. The Westinghouse process incorporates high temperature (about
1400°F) desulfurization by using limestone or dolomite in the gasifiér.
Westinghoqse plans to use this process in a combined cycle pilot plant.
Finally, there are gasifier designs which are of the entrained-flow
type. Some of the advantages of this gasifier are little or no tar produc-

tion, ease of adaptability to utilization of a wide range of coals, and
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high reaction rates because of the high temperatures. Again, there are both
dry-ash and slagging processes. Among the fdrhef are BiéGasid, Cémbustion
Engineering’, .and Foster-Wheeler®. .The Bi-Gas procesé demonstrates that

the gasification process itself is fairly insensitive to preésure since pres-
sures from 500 to 1500 psia have been successfully tested. The Combustion .
Engineering processAis presently designed for atmospheric operation, but
operation. at elevated‘ptessyres is contemplated, and -apparently uses a heat ’
exchanger before the gas cleanup stage. The-slagging processes include

" Babcock and Wilcox”, Koppers-Totzek3, Ruhrgas!!, and TexacoS. Déta11s

ofkthe Babcock and Wilcox process are largely unknown. Koppers-Totzek is'
presently desigﬁed for atmospheric pressure using pure 0,, but there are-
plans for pressurized operation. The gas exit temperature is extremely

high (about 2750°F) and results in no tar, hydrocarbon, or phenol produc-
tion. The Ruhrgas system apparently uses dirty power gas to raise steam

for the gasification process."The,Texéco gasffier is desfgned fof operation
at 2200 to 2500°F and 300 to 1200 psial. The process use5<; slurry of

coal and water injected into tﬁe gasifier. érogress is reported on‘mate—
rials problems associated with coal slagl.

The gas purification systems may be divided into two broad classifica-
tions: hot cleanup and cold cleanup. Hot cleanup takes place within the
temperature range’from 1000 to 2500°F and cold cleanup from 100 to-250°F.
While it is reported that hot cleanup can increase the-thermal efficiency
of a combined cycle by about three percent, the technology is not well-
proven and is expensive. For this reason low-temperature cleanup -is
accepted as being more viable, and hot cleanup is not discussed any

further. The Ad Hoc Panel also points out that
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Most of the heat in the hot gases'afteﬁ gas1f1cat1on can be

recovered by heat exchange so that the loss in therma] effi-

cency is minimized.!
The Panel identifies at least six cold cleanup processes which are presehtly a
available or under development: (1) solid adsorbents, (2) membranes, (3) the
Stretford process, (4) amine.gaé‘ (5) physical solvents, and (6) hot potas-
sium carbonate. Reference 1 provides an excellent summary of these processes.
Some of the characteristics of the hot potassium carbonate process, which is
available commercially as the Benfield process, will be summarized since this
type of cleanup system will be used in each configuration. Deve]oped in the
early 1950's, the Benfield process has been used for fourteen years. It is
presently used on about 400 units for the removal of H,S (and C0,) from
natural gas, ammonia synthesis gas, and hydrogen gas. The Panel points out
further 4

Where the purification of low- and intermediate-Btu gases

from coal is concerned, the use of the Benfield process

fits well into the usual process conditions. The gasifi-

cation pressure usually ranges from 100 to 400 psig. The

preferred method of dedust1ng and cleaning the gas is by

water quench, resulting in a water saturated gas that is

at a temperature of 200 to 260°F.!
in addition, the Benfield process is compatible with a Claus plant, which
may be used to convert the H,S to elemental sulfur. At 90 to 95 percent -
H,S removal, the cost of this procéss is estimated to be only $18/kw,
but at 99 percent, the cost slightly more<than doubles!. We shall see
in Chapter 5 that 90 percent H,S removal is more than sufficient to keep
the SO, effluent in the stack well below the federal limit.

The concept of a combined cycle power plant is not new. Today it is

receiving aver-increasing attention because of the growing awareness that

conventional fuels are in finite and dWind]ingtsupp]y. Boosting cyc]e'
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efficiency helps to get.moré usable energy from the same amount of fuel.
The most compreﬁensive study to date is the Energy Conversion Alternatives
Study, known as ECAS. Actually, ECAS has examined about ten coal conver-
sion power generation systems in Phase I of the study and seven in Phase
II. One of these conversion concepts is the combined cycle integrated
with a low-Btu gasifier. This study was essentially done in péra11e1 by
Westinghouse and General Electric and has culminated in several volumes
of reportsl2:13, 1Ip this work, no attempt has been made to determine
optimum conditions or plant configurations. They have both used‘advanced
equipment, such as air- and water-cooled gas turbines. The NASA Lewis

:' Research Center has evaluated these:studies and has summarized its find-
ings in a lengthy reportl". | ‘

It is difficult to compare the Westinghouse ﬁesu]ts with those of
General Electric, since different operating conditions and plant layouts
were used sometimes with different assumptionsf However; the Westinghouse
design appéars to be 46.8 percent efficient compared to 39.6 percent for
that of Génera] E1ectr{c. Part of.this difference is due to Westinghouse's
using hot gas cleanup while General Electric elected toAuse cold. In any
event, the thermodynamics of the integrated systems are obscuréd in many,
many details. It is not clear how the systems evolved from a basic plant
layout. v

Ahner, et al.l5 have developed a design for an integrated gasification™
.combined cycle p]ant without actually opfimizing with respect to plant
performance. However, the authors do provide a relatively simple equation

which may be used to find the "first cost incentive" from some specified
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base case. As mentioned in Chapter 1, however, an economic study “is outside
the scope of this dissertation.

Osterlel® provided the basis for this dissertafion by‘scoping khe basic
gasification reactions in a manner similar to that of Section 2.2. iﬁtrigued
by the many new degrees of ffeeddm that a coal gasifier adds to the otherwise
routine thermodynamic design process of a fossil-fueled power plant, Osterle
incorporated'his early work into a bowér cycle and performed many ‘of the
te@ioué hand calculations which were a necessary prelude to a computerized
study. To help in this effort, Impink developed a large number of gas table
prbperty subprograms, processing codes, and the steam table processor sub-
program (see subroutine FINDER in'Section 4.5.2), many of which are used in
this dissertation. Look developed the first computer model of an adiahatic
model following Osterle's analytical model. Impink extended this model and
developed the endothermic model, in which rather crude numerical methods were
employed. Impink also deve]oped many of the preliminary computerized com-
ponent models, again following Osterle's analytical developemnt. Impink and

Osterle then demonstrated the feasibility of modeling integrated coal gaéifi-

cation processes and combined cycle sysﬁems and introduced the initial elements

of pollutant emission calculations. Finally, in addition to augmenting the
gas table library, Candris developed a preliminary flue gas recircutation:
model following Osterle's derivation. Their work culminated in a reportl!? to
the Pennsylvania Science and Engineering Foundation, who supported some of
their effort. Clearly, the bresent work is in a sense a culmination of

several years of prior effort.
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Figure 2.1-2 Schematic of Two Heat Engines Connected in Series with Loss

2-26 .



cc

Figure 2.1-3 Combined Cycle Efficiency ncc'Versus Second Engine
Efficiency np with First Engine Efficiency n;, as a
Parameter for 8 = 0 and 8 = 1, (Refer to Eq. 2.1-7)
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CHAPTER 3
MATHEMATICAL MODELING OF COMPONENTS

3.1 Introduction

" An obvious first step in the analysis of the systems descr1bed in
Chapter 2 is the representation of each component in a part1cu1ar cyc]e
by a mathematical mode] Because many components appear severa] times
within a particular cyc]e and because a particular component 1s used in
more than one cycle, it is advantageous to keep the models separate., We
shall find it better to model ~each component, where possible, as a single
entity. For example, the mode11ng of a two-stage 1ntercooled compressor
is accomplished by separate]y modeling a s1ng]e stage compressor (which
is then used twice) and an intercooler. - This point w111 be more obvious
in Chapter 4, where the models are cast into the form of subrootines.

It s important to remember that we are interested only in the
steady-state thermodynamics of the four cyc1es‘ Consequent1y, the
models Wil provide only a limited amount of 1nformat1on about a par-
ticular component For example, the. model for the adiabatic gasifier
prov1des information 1ike the air and steam f]ow rates and the outlet
gas composition, but does not provide information like the size of the
gasifier. ‘ . . o

AS‘expected. some of the models are more oomp1ex than othérs.

The gasifier, combustor, waste heat boi]er; and supercharged boiler
models -are among the most complicated. These particular ones will be. -
descrioed‘in considerable detail. Because the mathematical solution
of the equations which represent the gasifier model is nearly tdentt-
cal to that of the combustor model, both of thesa are treated in
Section'3.2, with the common method of solution also given.' In Sec-

tions 3.3 and 3.4, the waste heat boi1er and the supercharged bojler
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models are deve10bed, respectively. - The more simple components are described

and modeled in Sections 3.6 to 3.16.

3.2 Gasifier and Combustor

3.2.1 General Comments

These models are very similar in the sense that the same types of
equations are provided by (1) mass balances on each of the elements, (2) the
assumptlon of equilibrium of the various gaseous species, and (3) an energy
balance. This approach resu]ts in 16 non-linear a1gebra1c equat1ons to
describe the gasifier, and 21 similar equations for the combustor. of
course, there are 16 and 21 unknowns for the gasifier and coﬁbqstOr, respec-
tively. ‘ '

As discussed in Section 2.2, provisions must be made to operate the
gasifier in two specific modes: adiabatic gasification of coal with eteaﬁ
and air and endotherhic gasification of coal with steam. And, as discussed
in Section 2.1,-pfovisions Must also be made to operate the combustor in
two different modes: one in which the combustor outlet temperature is
specified (the excess air is then calculated), and the other -in which the
excess air is specified (the outlet temperature is_.then calculated). These
jast two modes correspond to uses in the waste heat system and supercﬁafged
boiler system, respectively. As discussed in the next few sections, these

provisions on the gasifier and combustor models are easily implementad.

3.2.1. ] Gas1f1er Hodel

The endotherm1c mode for the aas1f1er w111 be shovn 1ater to be a

special case of the adiabatic mode. Therefore, the most genaral aasifier
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model can be obta1ned by assum1ng that coal is to be reacted w1th air and
steam, subJect to the ad1abat1c constra1nt A
The questlon arises, however, of how one should obtain the enthalpy

of the coal, which is needed for the energy balance. Th1s prob1em 1s
resoived by using the Dulong approximation for entna1py deteqm1nat10n
purposes which is accurate to about 3 percent18 The Dulong approxima-
tion maylbe summarized as-fol1ows. The carbon given by the u]timate
ana]ys1s is assumed to be f1xed carbon. Al1 the oxygen.is assumed to
4 comb1ne with the necessary amount of hydrogen to form.water vapor with

the remaining hydrogenAforming only diatomi¢ hydrogen gas. The nitrogen
-:and su1fur are assumed to be in the form of their respective elemental
gaseous compounds and the moisture is taken as liquid water (The sensible -
“heat assoc1ated with the ash w111 be accounted for by using a su1tab1e
specific heat.)

The basic reaction for the adiabatic mode is
Coal + Air + Steam -+ Gas + Ash

Let us normalize the calculation by assuming a unit mass of coal, whose
ultimate analysis is given. That is, the weight fraction is given for
the following: carbon (C), hydrogen (H), oxygen (0), nitrogen (N),

sulfur (S), liquid water (H,0), and ash. Also let us assume that the -
composition of the air by weight fraction is also specified, with pro-
visions for nitrogen (N,), oxygen (0,), argon (Ar), and water vapor (H,0).
The. steam which is required by the gasifier is assumed to be pure super-
‘heated water vapor (H,0). The power gas which-is produced is assumed to
have the following chemical species prasent: hydrcgen (H,), carbon

monoxide (CO),.methane (CH,), water vapor (H,0), carbon dioxide (co,),
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nitrogen (N2);-argon (Ar), ‘hydrogen sulfide (H,S), carbonyl sulfide (COS),
and ammonia {NH3). . Finally, the ash in the coal is assumed to exit from"
the gasifier at some specified temperature presumably no higher than the
gas exit temperature. .

We are now in a position to write the mass balance ‘equations. Since
we have present C, H, .0, N; S, and Ar, we expect to have six such equations.
Let'mc1 be the weight fraction of component i in the coal, where i takes

~on values from 1 to 7 as summarized in Table 3.2-1. Let.vg; be the molecular

Table 3.2-1
Meaning of Subscripts Applied to Coal

Subécript (ci) Component in -Coal

cl : Cc
c2 H
c3 0
. c4 N
) S
c6 H20(2)
c? X Ash

weight of component { in the coal, where again 1 1s defined according to
Table 3.2-1, Similarly, we define wai and vz to be the weight fraction
and the molecular weight of species. i, respectively, for.the air. As

shown in Table 3.2-2, 1 now takes on values of 1:to 4. Furthermore, let -

Table 3.2-2
Meaning of Subscripts Applied to Air

Subscript (at)

. Species in Air

al I
a2 Lo 02
a3 Ar
a4 H20(g)
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Wa be the mass of air requifed, and let wg be the mass of steam required
each‘per.unit mass of coal. The molecular weight of steam (or water) will
be denoted as vs. Héving defined the necessary.parameters associated with
the reactants, we now}thrn to the products. |

Let Ngj be the number of moles of speCies i formed per unit mass of

~coal, where i now takes on values of 1 to 10, as defined in Table.3.2-3.

A - Table 3.2-3
Heaning of Subscripts Applied to Power Gas
Subscript (gi) Species in Gas
gl , - H2-
g2 ' co
g3 CHy
gd o H20(g)
g5 €02
g6 N2
g7 , Ar .
g8 ' ~ Ha2S
g9 : . C0s
glo - NH3

Let Ng be the sum of the ngi from i = 1 to 10; that is,
10 '
Ng = ] ngi
i=1.
Note then that Ng is the total number of moles of power das prdduted pér'
unit mass of coal. The'composition~of the power gas by mole fraction =~

(vgi) 1s'then given by
Ygi = fgi /Ng.

Now based on a unit mass of coal, the number of moles of C in the

reactants is simply mcl/vcl and the number of moles of C in the products
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is given by ngz2 + ngs + ngs + ng9. These two expressions must be equal
in order to satisfy the mass balance requirement on carbon and the mass N

balance equation for C becomes

wC . ' :
Se, = "9a ¥ nga * ngs + ngg S (3.2-1)

The mass balance on H is slightly more complicated because hydrogen
appears in ai] three reactants. The number of moles of H jn the coal ‘
is “cz/ng *.?ch/“css.while fhe,air. 2wa Maq/v;g; and due to the reaﬁtant
steam,}Zws/vs. The number of moles of H in the products is giQen by

2ng; + 4ngz + 2ngy + 2ngg + 3Ngyg. Again the sum of moles of H 1h the
reactants must equal the sum of the moles of H in the products so the

mass balance equation for H is

w 2w ' W '
..S.E. + _C_S + 2wa ___a_“ + ZWS ]__ -
- v¢2 . VCs§ vay 3 Vg |
2ngy +'4ngz + 2ngy + 2ngg t+ 3ngio (3,2-2)
Similarly for 0, N, S, and Ar we get, respectively,
T ( waz ,wau) W
ve3 VCe vaz vay s
ngz + ngy + 2ngs * nggs (3.2-3)
< + 2 LI 2ae + N
_Vey ¥a vai g6 g10» (3.2-4)
ws N+ n ; . 3.2.5)
ves g8 ges 2=
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and
P | T 3.2-6)

Because mole fractions will appear in the equilibrium equations, it is
advantageodé to work with mole fractions rathéﬁithan mole numbers.i There-
fore, we divide Equations (3.2-1)to(3.2-6) by Ng. However, we then solve
equation 3.2-1 for Ng, which can be used in the remaining five equatioﬁﬁ.'
Accordingly, ' |

wey/vey
Mo g T g T Ve 7 Ve

(3.2-7)

The five remaining equations, Equations (3.2-2)to0(3.2-6), are changed only
fn that the left-hand side of each is multiplied by the reciprocal of Ng,
with Ng given by Equation (3.2-7), and each ngi fs replaced by ygqi. The

final form of the mass balance equations is as follows:

wea  wcs o U2, 2wg| | “c1 .
(R —— \'
ver T2 Mg Vs Vel (Yg2 + ¥g3 + Ygs + Ygo)
(392'8)
= 2yg1 *+ 4ygs * 2ygy * 2¥gs * 3ygio
Wes . Wee . ) “a2 . Way Wsl %
———— ———— —— — —— v—— \,
- ves Yal® a5 vy I gl Fovs (Yga + ¥Yg3 + Ygs + Yao)
= ¥g2 t Ygu t 2¥gs + Yg9 (3.2-9)
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|¥cu Yai| |¥e

Sew T P grp (e Wor * Yas + Ygs + Yge)S= 2vge + yguo |
' (3.2-10)
Cs Cl ' i
vesl ) Vo Wez *¥g3 *Ygs + ¥ge)p . = ¥gs + yge (3.2-11) .
“a3 “c1
— (ygz + yg3 + .ygs + ygg) = yg7 v‘ (3.2_]2)

3 vas

The sixth equation, of course, is provided by the fact that the sum of

mole fractions must equal unity, or

T yg =0 - | | L (3.2413)
i=1 )

This completes the six equations provided by thA mass balances

At th1s p01nt we see that there are twe]ve unknowns the ten mole
fract1ons, the steam f]ow, and the air flow. Additional equations are
provided by 1nvok1ng the assumpt1on of. thermodjnamic equilibrium. The.
va11d1ty of this assumpt1on is estab11shed in Section 5.8.

The spec1es assumed to be present in the power gas imply that five -
' 1ndependent react1ons are taklng place Using (4) to denote the solid -

phase and no phase designation to imply the aas phase we may assume

the following arbitrary (but independent) reactions:
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C(s) + 2H, ¥ CH, . (3.2-13a)
C4) + H0 % CO + M, . E " (3.2-13b)
C(8) + €O, + 200 ° " (3.2-13¢)
~ " _ ) ) f .
Ny o+ 3Hp ¥ 2NH, ' ; ‘ (3.2-134d)
- .
HS + €O > COS + H, B (3.2-13e)

Then the equilibrium condition=f0r each reaction can be written. For
example, for the reaction in Equation (3.2-13a), we could write
- (yCHuP)

T T . Bt

where again ¥Yi denotes the mole fraction of species i and P is the total
pressure in.atmospheres since the equilibrium constant, Kp, s assumed
to be based on atmoSpheres For a given rea'tion, the equi]ibrium
constant, which is'a function of temperature on]y, can be obtained from
an appropriate handbook. In Equation @3. 2 14) it is assumed that the
mixture behaves like an ideal gas otherwise the mo]e fraction and |
pressure products would be replaced by the fugacities. Because the
carbon is in the.solid phase, there is ne "RT Zn" correction on the t
Gibbs free energy for solid carbon and, therefore, Equation (3.2- 14) is ‘

valid as written. Similar equations could be written for the remainino"

reactions. -
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Although the equilibrium equations in the form.of Equation (3.2-14)
could be used directly in the solution to our problem, it is better to.
modify them to effect a more general solution strategy. One such modi-
fication would be to use.the logarithmic fohm of the ‘equilibrium equations

For example Equation (3.2-14) would become

Lk = alyeyP) - 2alyyP).  (3.2-14a

However, wé would then need to have Kp for each reaction. while.this is
a trivial point for Equation (3.2-14a) since we conveniently have a
formation reaction, this is an important consideration for reactions
like that in Equation (3.2:13e). If the equ%librium constant for this
kind of reaction is not found in any handbook, then we would have to
reconstruct it from the formation reactions. In addiﬁion; taking
equilibrium constants from many sources is undesirab1e, since there
is no guarantee that the data would be consistent among the various
sourcés. MWe shall use an alternate apphoach which does not have
either of the above mentioned deficiencies and which does not depend
on the neactions chosen. For this alternate method we shall see that
we need to specify only the participating chemical species and not
the reactions. |

Smith and Van Nessl? describe a method for obtaining theseqUilibrﬁum
composition of a mixture of gases where several reactidns are actually
proceeding This method is really based on the fact that at equ111br1um
the Gibbs free enerqy for the system is a minimum. This cond1t1on,

however, 1s subJect to the constra1nts provided by ‘the mass ba1ances



Since wé have a minimization problem subject to constraints, the method
of Lagrange multipliers is directly applicable.

'Let us briefly outline the derivatjqn of this equi]ibrium;condition. ‘
Let G(ny, N2, ..., Np) represent the total Gibss'free energy ‘for the
system with the mq]e numbers of the various specie5<j.represented by the

nj.. Let the m mass balance equations be

'fl(nl, Noy ooy nn) =0
Afz(nl, N2y -..5 M) =0
: fm(n]_, No, ...; nn.) =0 -

and since we have m constraints, then we introduce m Lagrange multi-
pliers, Ay, Az, .«.s Ap. If we want to minimize G, then we may minimize

m
.G + )} afg since the f are zero and we have not changed. the function

to be minimized. Differentiating this new function with respect
to each of the nj in turn gives n equations which must hold at the
minimum (or maximum). These equations -are:

afy

3G _ T e L ‘
)\kshT = 0 '(1 =1, 2y vouy n).

m
oni kzl

Then n “equilibrium" equations and the m contraint equations (fp =0
"for £=1,2, ..., m) are used to solve for the ni which minimize

G(nyy N2, --.» Np). Yhen this method is apb]ied.to our equi]iBrium



problem, the equilibrium condition becomes for gas phase reactions

P

A’G;gi(rez) + :rzrezn(ygi,-;'g,-p) + E?xkaik =0 fori=1,2,..,N
S ’ | (3.2-15)

where the meaning-of the nomenclature is as follows. We first note
that the fugacity-coeffﬁcien£s~for a soiution, agi,'have been 1introduced.
Since we assume our gaseous mixture to behave like an ideal gas, all the
$gi are unity. The meaning of the sﬁbscr}pt is unchanged from its
previous definition in Table 3.2-3, except that we do not write an
equilibrium equation for’Af(i*?), since argon is inert.. The standard
Gibbs free energy of forﬁétion at temperature Te for species 5.15
denoted by Aq%gi(Te)' Like the'equi1ibrium constant, KJ, this para-
meter is. a function of'temperature 6n1y,e The Gibbs free energy of
formation is assumed to be zero for the elemental compounds ; for example,
AG; = 0 for Hy, No, and so forth. - R is the universal gas éonstanf, and
Te is the absolute temperature at which the reactions are proceeding.
of cburse, the product RTe must be in .consistent units with the values
for the Gibbs free energy.. The argument of the}natura1 logarithm is
essentially the fugacity,,?gi, of the specieSAi,,which,‘because of
the ideal:- gas assumption, reduces to the product of the mole: fraction
and system pressure. in. atmospheres, or thg partial pressure in-
Aatmoﬁpheres. The A 's are the Lagrange multipliers. One Lagrange
multiplier should be introduced for eaéh conétraint provided by the
mass balances. So one might expect to have six Lagrénge multipliers

for the:adiabatic gasifier; that is A¢, Ay, Ag, Ay, Ag, and App.
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However, as already mentioned, argon is inert_and“so AAp 1s meaningless.
We shaT] show later that taking Ac to be zero is consistent with Equat{oﬁw
(3.2-74). From the definition of the X we see that the ‘subscript k
is associated with a particular elemental atom present in thg system. -
The ajk represent the number of atoms of element k per molecule of
species i. Table 3.2-4 gives this matrix for the gasifier model. -

Table 3.2-4

Assignment of Values to the ajk
for the Gasifier Model

_ Element (k)

Species| i c(1) H{2) 0(3) N(4) S(5) -
H2 1 0 2 0 -0 0

- Co 2 1 0 1 0 0
CHy 3 1 4 0, o 0
H20 4 0 2 1 0 0
C02 5 1 0 2 0 0
N2 6 0. 0 0 ' 2 0
Ar 7 0 -0 0 0 0
H2S 8 : 0 2 0 0 1
cos 9 1 0 1 0 1
NH3 10 0 © 3 0 1 0

Now Equatdon'3.2-15'caﬁ be readily abplied to each of the reacting
species assumed to be present in theAgasifier. _For generality, the 3
fugacity coefficients, 691, will be kept in.the equafionszwith the
understanding that each will be taken to have a value of unity. Also,
it is advantageous to divide the equi]ibrium equations by RTe. The
reason for doing this will be‘explained in Subsection 3.2.2. The
equilibrium equations become

’

(TQ)/RT, + Lnfyy 6 Pg) + 20y/RT-= O (3.2:16) -

AGS
AR



AG;céTe)/RTe *En(yg,89,Pg) + A/RT, = 0 (3.2-17)

$Ofchre)/FTe ¥ 2nlyg dg Py) + day/RT, = o (3.2-18)
AGinge)/RTe + Zn(ygq¢g“Pg) tPART, FA/RT, =0 (3.2-19)
AchéZe)/RTe * Lnlyg g.Pg) *+ 20/RT, = 0 (3.2-20)
065 (Te)/RT + Lalyg & P ) + 2ry/RT =0 (3.2-21)

¢ N2

0 .
AGinge)/RTe + zn(yge¢gspg) + 2/RT, + ag/RT, = 0 (3.2-22)
Achége)/RTe + 2"(y99¢ggpg) + A/RT, + A/RT, = 0 (3.2-23)

AG°”éT )/RT + zn(y ¢910Pg) + 3AH/RTe + AN/RTe =0 (3.2-24)
The total number of equations for the adiabatic qas1f1er model is
now fifteen, but we have introduced four more unknowns, namely AH’ 0°
N’ and AS’ making the total number of uvnknowns sixteen. The energy
equation prov1des us w1th the sixteenth equat1on
Before we consider the energy equation, let us first show that our
taking Ac to be zero is cons1stent with the qu111br1um condition expressed

by Equation (3.2- 14). Multiplying Equatlon (3.2-16). by 2 and subtracting
the resulting equation from Equation (3.2-18) gives (taking dqi=1):

AGf(/:RTe + £n(yCH P) - 2AG° gRT - 2£n(yH P)=0



Rewriting in a more suitable form gives

o ‘ o - 2

But the change in Gibbs free energy for the reaction is-giveﬁ by

AG = AGS

- 2862
fen,

and the definition of Kp is given by
LnKp = rAG/RTe

and so we get

(YeuoP)
Ky = ——
(v, P)

which%is precisely the expression for Kp giVen by Equation'(3.2-i4). If
all the A's were eliminated in Equations (3.2-16) to 3.2-24) and the

definition of Kp were used, weAwpu1d get the~cohventfona1 equ{liﬁrium

equations of the form of Equations (3.2:14). Clearly the two methods : .

are completely equivalent. | T -

" As we have discussed earlier, the effective éhthalpy 6f thet;ogT

is obtained by using the Du]ohg approximation to gﬁvé;the anl composition‘.v:

"in terms of fixed carbon (c), hydfogen (Hz), water vapor (HéO), nitrogen_‘

(NZ)’ and sulfur (52). The weight fraction of ]iduid water and ash in

the coal remains unchanged. Let wqi be the weight fraction of specie§ i
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in the coal after app11cat1on of the Du]ong approx1mat1on, where i takes

on values 1 to 7 as shown in Tab]e 3 2 5. S1m11ar1y, 1et Vdi be the

molecular we1ght of species i, where i agaln is defined by Table 3.2-5.
Table 3.2-5

Meaning of the Subscripts Applied to Coal after
Application of Dulong Approximation

Subscript (di), Species
di C
d2 H,
d3 H,0(g)
d4 Mo
ds 5
dé H,0(2)
d7 sh

The first law of thermodynamics may now'be written for the'gasifier:

afc(T P +c md7(Tc - Tref) * waﬁh(Ta’Pa)/“a * ans *+ wghg

pash

= Nghg(TgsPg) + pash“d7(Tash'Tref) " (3.2-25)

where the subscripts are defined as follows: ‘afc' denotes agh-free
coal, 'a' air, 'c¢' coal with ash, and '§' gasifier outlet gés. The
enfha]py of the ash—free‘coal (based on a unit mass of coal with ash)

at temperature T. and pressure P. is denoted by h (T ,P ), and the

afc

heat added to the gasification process per unit mass of coa] 1s ogas’

whiTe ha(Ta,Pa) and hg(Tg,Pg) are the enthalpy per mole (or mo]ar
enthalpy) of air and product gas, respectively, at the indicated

temperatures (T) and pressures (P). Finally ¢ is the soesific‘

Pash
heat of the ash (assumed to be constant), Tash is the ash d1scharqe



temperature, and T of is an arbltrary reference temperature which cance]s~‘
out of the f1na1 form of the energy equat1on o V

The entha]py of the ash free coa] h_ c.» per un1t mass of coal is

-afc
g1ven by '

afc(T Pe) = 12 (°"d1/"d1)hd1(T ’“d1 )

where h;i is the mo]arlenthalpy of species 1iat a specified temperature
T. and pressure Pé and ugqi 1s the mole fraotion of:species i based on the
Dulong approximation It is tacitly’ 1mp11ed by the nomenclature hg(Tg Pg)
and ha(T ) that the compos1t1on of the gas 1nd1cated by the subscript

~ 1s an argument of the enthalpy function. For conc1seness, we do not

write this explicitly. The enthalpy of the.air.:ha, per unit mass of air

s given by
. u C _
hagTa’Pa) i 121_ (gi/vaiIhas (TqsuaiPy)
where u_. is the mole fraction of species i for the air. On a basis of

ai IR
a unit mass of coal, the enthalpy of the air is waha’ since there are w

a
unit masses of air per unit mass of coal.‘,Sim11ar]y, the entha]py.of the .
steam used in_the gasification process is simp]y‘wshS(PS,TS)»where_hsﬁis
specific entha]py of eteam and v is the mass of steam required per.unit
mass - of coal. .C1ear1y, the suoscript"s':denotes that ‘the fluid is,eteam
or water. Einai]y, the enthalpy of the gaseous produets per unit mass of .
coal is given by |

10 -
| e
ghg( ¢*fg’ .zl g1h91(T9 “91 g
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where Mgi is the mole fraction of species i for the power gas. Again note
that the entha]py has an implied mole fraction dgpendency.- It should be
noted thaf when a summation‘occurs, one should use the appropriate table
to get the corréspondencelbet&een subscripts. ci, ai, gi, and. di and the
corresponding ‘species. Before substituting all these expreséions into
Eéuation 3.2-25, let us divide it first by Ng since again we prefer to

work with mole fractions instead of mole numbers. The final form of the

energy equation for the gasifier then becomes:

6 .
I (ugi/v4; 0gi (TeomgiPc) + d7(T Tash) * Wshg (TgsPs)
i=1 N , ash
.Z (wai/vai)hai( a1pa)
1=1 : o )
+ ) + + + 3.2-26
Qgas [“’cl/"cl)(ygz Vg5 7 Ygs ygs)] ( )
10 ’
= 1 Ygihgi(TgygiPy)

i=1
In this equation, the yéi are unknown along with wa and We - A1l other
- parameters are either specified in the input to this model or are calcu-
lated directly from the input. -
We have thus identified sixteen equations which we may use to solve
for the sixteen unknowns. We complete the model by noting that the mass

flow of the product gas w_ per unit mass flow of coal is given by

g

=1 + + -w
1 Wy + W ¢y

and it is a trivial matter to'get the curresponding mole flows. Finally,

the higher and lower heating values of the power gas can be computed since
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we know the gas composition, after we solve for the y We get

gifs.
conservatively low estimates for the heating values by assuming only
HZ’ €0, and CH4 contribute to the heating valdes of the power gas.

In summarizing, we have identified sixteen unknown parameters: the
ten mole fractions, the four Lagrange multipliers (which have no obvious
physical significance), the steam f]o&,_and the air flow. Fortunately
sixteen equations in these same variables have also been identified: six
mass balances, nine equilibrium equations, and the eneray equation. The
method. of solution is presented in Section 3.2.2

Now we can readily see why the endothermic gasifi¢r model is a
special case of the one above. We have already agreed that for endo-
thefmic-gasificatiph, we want to gasify the coal with steah only; that
is, the air f]ow,.wa, is zero. Setting W, equal to zero in the six mass:
ba]anée equations and nine equf]ibrium equations and solving the resuiting
system of fifteen equatignsigives values to the fifteen unknowns. The
energy equation is thén solved for the amount of heat, ans’ needed to
allow gésification of coal without any air. Again the method of solution
given-in Section 3.2.2 easily accommodates this mode of gasifier operation.

Before ]eaving this model,. a- subtle pofnt should be made with regard
to the temperature Te used in the niﬁe equilibrium equations and the
témperature Tg used in the energy gquation. While these should be equal
to be consistent with our assumption of thermodynamic equilibrium, the
provision Has been made to allow for them to be different. This was done

‘to allow for the possibility of "freezing" the reactions at a certain

temperature which is sometimes done or‘implied in the literature.



3.2.° © Tanhertar Model

Cike che Faéa‘in the Qaéifier model, we mﬁ§t:have‘prOVi§ions fér
tWo C aven mies of operation. One mode aflbws'fhe coﬁBusfér outlet
tehperazure to 'be specified and the other é1Tows!the exce§§ air t6~bé
specified. These parameters will become apparent in the development of
the combustor model. The method of soiutionffor each of thése modes is
presented in Section 3.2.2. . The basic reaction for the combustor is

Fuel + Air + Products.

We normalize the calculation by assuming a mole of>gase6us fuel, not a
unit mass ¢f #:21 -as was the case in the gasifief'ﬁOdel.

Let us s=sume that the'composition of the gaseous fuel by mole
fraction Me 1S specifigd along with its pressure‘P‘f and temperature Tf.
Again Table 3.2-3 must be used to correlate the subscript i with a partiF
cular chemical species. Let us further assume that the air composition
by weight fraction Wy 3 is speéified, where Tab1e13.2-2 provides the meaning

.of the subscript ai. This composition by weight fraction can easily be

converted to one by mole fraction u j where again Table 3.2-2 is applicable.

a
Let usha1so”éssume the pressure Pa and temperature Ta of the air entering.
the combustor are Spegified.. Denoting the. number of moles of stoichiometric
air per mole of fuel as 8 ahd the excess .air fraction as &£, the number of
moles of air per mole of fuel becomes 8(1+£). Finally, let ny; be the
number of moles of species i in the product gas per mole of fﬁe], vihere
species i is identified in Table 3.2-6. From this table, we see¢ that the
following.species are assumed to be present in the product gas: carbon

dioxide (CO,), water vapor -(H;0), nitrogen (N,)., oxygen-(0,), argon (Ar),
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nitric oxide (NO), carbon monoxide (C0), monatomic hydrogen (H), monatomic
_ oxygen‘(O) hydroxy] (OH), hydrogen (H,), n1trogen dioxide (NO,), sulfur
monox1de (s0), su]fur dioxide (S02), and sulfur trioxide (S03).

- Table 3.2- 6

Mnanxng of Subscripts Applied to Products
: of Combustion

Subscript (pi) - Species in Gas
pl C02
p2 H,zO(g)
p3 : ‘N2
p4 ' 0,
pS Ar
p6 NO
p7 co
p8 H
p9 0
pl0 OH
pll H,
pl2 NO,
pl3 SO
pld S0,
p15 S0;

Let the pressure of the prodqct gas be'Pp, which is presumably specified,
and-the temperature be Tp, which may be either an unknown or is assumed
to be specified. ‘We will eventually get an expression for 8 which will
depend on known parameters, and £ is either an unknown (Tp must be
specified) or is specified (Tp is then one of the unknoﬁhs).'

Because it is shown in Section 5.5, that a nitric oxide (MO)
emission problem exists for the wasté heat combined cycle configuratfons, :
flue gas recirculation is used as a means to redbgg the amount of NO

which goes up the stack and into tihe atmosphere. -Ih'other words, a
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certain fraction, p, of the flue gas at near atmospheric pressure is
compressed, cooled to a specific temperature, Tr’ and fed into the com-
bustor at pressure P . The combustor model then must include a provision
for flue gas recirculation.. With this modification, the basic reaction

in the combustor becomes
Fuel + p(Products) + Air -+ Products

and we are now in a position to develop the mass balance equations.

| First, we do a mass balance on carbon (C). By referring to Table
3.2-2 for the species in the air, Table 3.2-3 for the species in the
fde], and Table 3.2-6 for the species in the product gas, the first

mass balance on carbon becomes

+ pn =n +n

+ + + +
ME, T MEy T Heg T Mgy T PT P7 P1 p7

P1

or

+ + + = (1- + -
He, T HEg T Mg ufg_ ( p)(npl nP7) (3.2 27?

Similarly, a mass balance on H, 0, N, S, and Ar gives the following

five relationships

Zufl + 4uf3 + ZUfl’ + ZUfa + 3Uf10 + 28(]+€)ua’+ |
= (1=)(2n +n  + . , (3.2.28)
(e )( an npa~ npxo 2"P11)
Ufz + uf“ + ZUfs.+ ufg f (Zuaz + ua“)(1+5)8 =

= (1-p + + + + -
( p)(2npl np2 2npu nps n,. + np9 (3.2-29)

+n + 2n + + 2n + 3 R
Pio P12 npla P1y npls)
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zufs +_gflo ¥ 28(]+€)“31 ) (1fp)(2np3.+ Tpg " " ) L (3.2-30)

P12
Mpg * g ( p)(np13 np19 npls) , (3.2-31)
and ' ‘ _
+ + = (1- : ' -
ve, * 8(%&u, = (-p)(n, ), | (3.2-32)
respectively.

Again we prefer to work with mole fractions, ypi, instead of mole

numbers , Noie Dividing Equation (3.2-27) by Nes where

aﬁd solving the resulting equation for Nc gives

R TS TR

c (1-9)(yp1 + yp7)

N

(3.2-33)

where ypi = npi/Nc has been used. Mow dividing each of the remaining mass

balance equations (3.2-28 to 3.2-32) by Nc and using y

v

pi = npi/Nc gives

the following relations where the factor (1-p)-has been divided from both

sides and, therefore, no longer appears in the mass balances

[Zu +du, + 2u. + 2u. + 3u.  + 28(14E)u J B T T R l
Sf1 f3 fy fg = “"fig ay fug Foue ¥ ue ¥ uf%[
- ry o+ + 2 «
2yp2 ypa yPlo yP11 : (3.2-34)
Y, . ty
e tug +2u. tag + (2n, 4oy )(’+€)% P1___P7
[fz f f fo az a | ufz + B, + ufs +.uf9
=2 + + 2 + + +
ypl yp2 ypu yps yp7 yp9< (3.2-35)
+ + 2 + + 2 + 3
.yplo yP12 ypls yp1u yPls
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Yo tY

: P p
2us +op. + 28(1+E) ] ' L7 =2y +y +y
[ fe  “fio | 4y |#e, *oug, f M f Mg Ps  “Pe P2
: . "y oty e R ' (3.2-36)
[ufg + ufg] pl‘ .p7 - >= _y B + Yy +y . '
. . { L .. e . L=
. yp C+ yp : .
ue  + B'(]+E)u']_m‘- 1 Z —>= 3.2-38
[ f7 5 B as Ufz + uf3 + Ufs + uf9 ypS ( )

Like the gasifier model, the sixth equat1on 1s prov1ded by th° fact that

the sum of the mole fractions must be unity:
I y,=1 | . (3.2-39)

A

pi and bossib]y £ that are

the unknowns in the last six equations. An expression for 8, the number

It is important to remember that it is the y

of moles of stoichiometric air per mole of fuel, may now be developed.

The fol]owiﬁg species, present in the ga;eous fuel, are capable of
combustion with the oxygen ‘in the ajr: hydroééh'(HZ), carbon'moﬁoxide (co),
methane (CH,), hydrogen sulfide (H,S), carbonyl sulfide (COS), and ammonia
(NH3). The number of moles of oxygen (02) required for complete com-
bustion of each of the above constituents is easily determined from the

following balanced chemical equations:

Hy + 1/20, + By

CO + 1/20, - €O,

CHy + 20, -+ CO, + 2H;0
HyS + 3/20, + H,0 + S0,
COS + 3/20, - €O,  + SO,
NHs + 3/4 0, > 3/2H,0 + 1/2 N,
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From the.first reaction, we see that 1/2 mole of 0, is requiréd for each
mole of H,, but there are ﬁfl moles of H, pé} mole of fuel, so there‘aré
1/2 ufi moles of 0, required per mole of fuel due to the H, only. A
similar line of reasoning results in-the following 0, requirements in .
moles of 0, per mole of fuel: 1/2uf2 due.to the-CO, Zufa due to the CH,,
3/2u, due to the HpS, -3/2i, ‘due to the COS, and 3/4y. d the NHj.
: / ufa }ue.to e Hy / “fg ue to the COS, and 3/ uf1o ue to_' e NHj
. The total oxygen requirement is clearly the sum of these. But there are

Ma, moles of 0, per mole of air, so

Voug + V/2ug + 2uc + 3/2ug + 3/2u¢ + 3/

g= " T (3.2-40)

2

which is the theoretical air requirement in moles of air per mole of fuel.
Clearly, the number of mo]es of air per mole of fuel actually used depends
on the.excess air fraction g and'is equal to 8(1+g). This fact has been
used in the derivation of the mass balance equations. Note that in Equa--
tion (3.2-40) since all the parameters on the right-hand side are known,

g can be feadi1y Calculated.

Beforé writing the equilibrium equations, nine independent reactions
among the gaseous species may be identified. One should clearly under-
stand, however, that identification of these reactions is not ﬁecessary
to the Lagrange mu]tipTier approach. One possible set of reactions is

as follows:
c0 + 1/2 0, ¥ €0,

Hy + 1/20, ¥ H,0
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M, + 0y T 2NO
Hy T 24

0, T 20

T 2 0H

H,0 + 1/2 0
Ny, + 20, < 2N,
SO + 1/20, * S0,
SO + 0, T S0;

Now the equilibrium equations may be written using Equation (3.2-15)
applied to the combustor product gas (after changing Te to Tp and dividing
by RTp). The ajk matrix is given in Table 3.2-7. The subscript i on the

Table 3.2-7

Assignment of Values to the ajy
for the Combustor Model

Element (k)

Species i c(1) H(2) 0(3) N(4) S(5)
€O, 1 1 0 2 0 0
H,0 2 0 2 1 0 0
No 3 0 0 0 2 0
0, 4 0 0 2 0 0
Ar 5 0 0 0 0 0
NO 6 0 0 1 1 0
co -7 1 0 1 0 0
H 8. 0 1 0 0 0
0 9 0 0 1 0 0
OH 10 0 1 1 0 0
Ho. 11 0 2 0 0 0
NOs . 12 0 0 2 1 0
SO - 13 0 0 1 0 1.
S0, 14 0. "0 2 0. 1
S03 15 0 0 3 0 1
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ypi now correspond, of course, to those in Tables 3.

following equilibrium equations are to be satisfied:

a6 (T))/RT
“feo,P

a6} (T))/RT
FupoP

AGZ (T.)/RT
. sz p P

AGS (T )/RT
foz p p

AG° (T )/RT
NO

Ae;céTp)/RTp
AG;H(TP)/RTp
AG%S(TP)/RTp
AG;OSTP)/RTP
| 863 (Tp)/RTp

Hy

AG2 (T )/RT
fug,P’ P

y T
86 (T /RT,

863 (T )/RT
fso,p" P

+ zn(y ¢ P ) + AC/RTp + ZAO/RTp = 0
+ Zn(yp2$p2Pp) + 2Ay/RT) + /R = 0
+ Ln(ypaspapp) * 20/RT = 0

+ 2alyy ¢, P) + 20/RT) = 0

+ zn(yp6$pspp) + Ag/RTy + Ay/RT = 0

+ (yp7¢p Pé) A/RT, + 6/§T =0

+ £n(ypa$p8Pp? * ay/RT, = 0

+ £n(yp9$pgpb) + Ag/RT = 0

+'gn(y o, P )+ M/RTp + Ag/RT = 0

Pio P1o P

£n(ypll¢p11Pp) *2y/RT = 0

+ RT +
n(y p12¢p12 p) ZAO/ AN/RT

+ 8  P_) + A /RT_+ A/RT. =
Zn(yp13¢p13 P) ‘o p s/ p

+ b, P )+ 20q/RT_+ A /RT =
18,70 * Po/RTy + /T,
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S RT + 2L g + .+ = . ‘ 2=
AGS sé: )/ n(yp15¢plst) ,3x0/RTp : AS/RTp 0 - . (3.2-54)

Note that for the combustor model, AC is not hecessari]y zéro and that, as
was the case with the gasifier model, no equ11ibrfum equation fs-written |
for argon, since it is inert.

The total number of equations for the combustor model is now twenty:
six mass balances and fourteen equi)ibrium;eqpationsf But there are now
twenty-one unknowns: the fifteen mole fractioﬁs, the'five Lag}ange multi-
pliers, and either the excess air fraction g or the combustor outlet

temperature T Again, the energy equation provides the final necessary

pl
relationship to completely define the model.

The first law of thermodynamics for the combustor may be written as

he(ToaPg) + 81460, (TP, ) + oM R (TLPL) + Qemp = NP (TyPp)

' ' - (3.2-55)
where  the subscrfpt "f" corresponds to the fuel, "a" to the air, "r' to "
the flue gas rec1rcuiat10n inlet f1ow. and "pJ to the products of com-
bu§t1on. The var1ab1e h(T,P) has the same meaning as in Section 3.2.1. 1
and Qcmb {s heat -added to the combustion process per mole of fuel (if

heat is removed, Q 1s negative). A1l other variables have previous1y

cmb
been defined. Again it is tacitly 1mp11ed by the nomenclature, h(T.P),
that the composition of the gas is also part of thg argument since the
partial pressure is really the pressure for thch'ﬁ is to be evaluated
and the partial pressure of species i in a gaseous mixture is given by

]J.i P..
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Since the composition of the fuel is specified by the mole fractions,

Meis the enthalpy of the fuel per mole of fuel is simply
10

f(Tf’Pf) z uf'l hf1 (Tf’"ﬁ f) ) . (3.2-56)
where i denotes the particular species shown in Table 3.2-3 with fi

replacing gi. The enthalpy of the incoming air is similarly written

N
s(1+a)ha(Ta P,) = s(1+s) 1§ ua1ha1(Ta,ua1Pa) - (3.2-87)
For the product gas at T and P
15 .
; . - ~ ] i " \.-', R
hp(Tr.Pr) kS Ypi pl(T,,,yplPr) A (3.2-58)
and at Tp and Pp
15
ho(TysPy) = g pifpt (Tp¥pi+Pp). (3.2-59)

It is to be understood that the part1a1 pressure arguments above are to

be deleted for those species wh1ch are assumed to be ideal gases (a1
but H,0, CH,, and C0y). Using the expression for N from Equat1on
(3.2-33), and Equat1ons (3.2- 56) to (3.2-59), Equat1on (3.2- 55) becomes
_ + 10
- =)y, *+ yp))
(ufz + v, * b +‘ quT

121 ugihes (TeongiPe)

lol'
+8(1+¢) I w A (T ,u..P.)+Q

i= ai ai‘'a’rai’a | cmb
1s . 15
Z ypi pi (Tyo¥giPp) = o Z yp1 m(rr,ympr)

(3.2-60)
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This is the.fina1 form of the energy equation for the combustor. In this
model, unlike the gasifier.model, the temperature used in the equilibrium
equations is the same as that of the product gas Jeaving the combustor.
"Freezing" of the NO producing reaction is handled in a simpler way and
is explained in Section 4.6. Equation (3.2-60) provides the twenty-first
equation thus enabling a unique solution for the twenty-one unknowns.
Three important points should be made with respect to the flue gas
recirculation. The first is that the flue gas recirculation parameter p
appears only in the energy equation, since we elected to work in terms
of mole fractions instead of mole numbers. Secondly, when no recircula-
tion is assumed, Equation (3.2-60) reduces to the correct form of the
first law of thermodynamics for a combustor without recirculation; that
{s, the enthalpy of the fuel, plus that of the air, plus the heat added
must equal the enthalpy of the product gas. Finally, if the temperature
of the recirculation gas T equals the combustor exit femperature Tp
(and P.=P ) then a factor of (1-p) may be d1vided from both sides of
Equation (3 2-60) and the benefit associated with flue gas rec1rcu1at1on'
in reducing NO effluents is lost. We shall see in Chapter 5 how this
affects the power plant efficiency. |
e have identified twenty-one equations which we may use to solve
for the twenty-one unknowns. We comblete the'modeI by noting that the
mass flow of air Wy into the combustor (per unit mass of coe1 into the

gasifier) is given by

= 8(]+§)Vawf/\)f
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where vV, and Ve are the molecular weights of the air and fuel respectively
and We is mass. flow of fuel (per unit mass of coal). A mass balance on -

the entire combustor gives

wf + wa + pwp = wp

where wp is the mass flow of product gas from the combustor (per unit
mass of coal). The last equation may bé solved for wp as
We + W
W, = ——,
P T
This completes the combustor model. In the next section, we shall
see how a solution to these systems of non-linear équations for the

gasifier and combustor model can be obtained.

3.2.2 Method of Solution

As wé have seen, a system of non-linear algebraic equations results
when the steady-state thermodynamic models for the gasifier and com-
bustor are developed. One method of solution is brute force. Osterle,
Impink, and Lipner!7? have succeeded in reducing the gasifier equations
to two equations in two unknowns (with no COS or NH; assumed to be
present in the power gas). The resulting equations, although compli-
cated, are solved using‘a search routine. The~chiéf disadvantage ofl
this approach arises when one wants to add more species to the model
or otherwise change the model, since the algebraic exercise must be
repeated. An approach which can easily accommodate changes in the

model was sought.
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A multi-dimensional Newton-Raphson jterative method of solution
provides such a solution. The system of equations-cah_be~"stored" in
a computer subroutine practically in the form in which we wrote them.
-Changing the model means chang1ng the affected equations and not redoing
the algebra. A]so, as we shall see, it is a tr1v1a1 matter to accommo-
date the two gasifier modes and the two combustor modes. The general
method will be developed with its app11cat10n to the two mathematical
models then indicated. | »

Consider a system of n general non-linear algebraic equations of

thé form

f1(X1s X2 covs xn) =

fz(xl, X2y ooe Xn) =

fn(xl, X2y eoes Xn) =0

where the Xy are the unknowns and the usual functional notation is

employed. This may be represented more concisely as
> > -+ :
f(X) - 0 o (3.2“6])

where vector notation is now indicated by the overscript (+). A more
general form of Taylor's Theorem may be applied to the left-hand side

of Equation (3.2-61) to give
Fx + ax) = F(x) + [vF(X)ax (3.2-62)

] > > L > > ->
where the gradient of the vector f(x) is indicated by vf(x) and ax .is

-5
an incremental change in the vector x. Now let us associate’the k-th set
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of values for the ‘vector ;be ;k;xthat 1s, the k-th iteration.- For this -

particular interation,-A;k =J;E:i -‘;k'and Equation (3.2-62) becomes
> > ‘ o
f(xkﬂ) f(xk) ¥ [vf(xk)](xk+1 - "k) | (3 2- 63)

But we would 11ke the k+1-th set of values for X to be close- to the
solution if convergence is to take place or f(xk+1) = 0. Indeed let

us force f(xk+1) to be zero and see if the resulting condition is

capable of converging to the so1ution So solving Equation (3 2- 63)

for ;k+ after setting f(xk+1) equa] to zero gives
xk+1 = [Vf(xk)]“1 f(xk) (3.2-64)

where the inverse of the gradient matrix is indicated. MNote that if
?(;k) =9 (that is, the ;k are a solution), then ;k+1 = ;k as it should.

>
We see that the correction vector ax, to the previous iteration (;k) is

- . > > _1-> > ' )
Ay [vf(xk)] f(xk). : (3.2 65)
The meaning of v?]?k)fis evident from the following matrix representation
N\
(ot oty
X, X, aXp
afz . T _a_fi
o Xy .axn_
vf(xk) = .
of,  of, - ofy
N, g BT
\ 1 2 | n )

where each;entry is to be eva1uated tor values of X at the k-th iteration.

However, since the computer will be used to get a solution, this gradient
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matrix may be approximated to a high degree-of,accuracy by using a
central difference approximation to each partial derivative indicated.
This eliminates the need to provide the computef‘with these partial
derivatives. In fact, it is impossible to generate explicit formulas
for some of the derivatives anyway; for example,.the mole fraction of
water vapor appgérs as an argument in the enthé1py function.

One more point Should be made regarding,Equ%tiohs (3.2-64) and
(3.2-65) before wé apply this method to our two Eathematica] models..
During the implementation of this scheme, it .often happened that the
next value for a particular unknown would become negative. This is
disastrous if the unknown happens to be a mole fracfion, since we must
take the natural logarithm in the equilibrium equatidn for that species.
This problem must be avoided if we are to use this method. The fol-
Towing slight modification happens to solve the problem. Let us
concentrate on only one of the unknowns x (x could be x3, X2, OF X,
and may represent a mole fraction). Let the correction to x be 'given
by § [provided by Equation (3.2-65)], and let x! be the value of x
at fhe next iteration. Then

xl=x+8
and dividing by x gives

x1

X

14
._....]+x

Now assuming that |8/x|<< 1, and using the fact that (1 + 6/x) = &/x,
we can take the natural logarithm of both sides of the last equation to

give
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Ln(x1/x) = §/x il
or |
1 = yed/x S S (3.2-66)
‘Note if we are at the solution (6=0); then xl;x és it should.’ Whénever
a particular variab]e‘(unfnown) mugt remain positive, Equatidnk(3;2-66)
is used in the iteration to get the next value for the unkno&n: Other-
wise, Equatioﬁ (3.2-64) is used directly.

Now we apply this solution me;hod to the mathematical models of
the gasifier and combustor. The adiabatic gasifier will be discussed:-
first. The first ten unknowns are taken to be the mole fractions of
the ten species indicated in Table 3.2-3, where the reason for numbering.
the species is now apparent. The next foqr unknowns are.AH/RT;, iO/RTe,
AN/RTe, and AS/RTé respective]yﬂ The fifﬁeenth unknown is the steam
flow and the sixteenth one is the air flow. By ithuding'RTe in the
terms containing the Lagrange mU]tip]iers, we get & much better condi-
tioned gradient matrix which ensures a well-behaved matrix invefsion.l
This scaling was.crucial to the success of this method of solution.
Without this simple modification, ‘the iteration would not converge
properly. A typical case takes’seveh iterations to get five signifi-
cant figures on each mole fraction. |

As mentioned during the development of the gasifier model, the
endothermic gasifier is a special case of the adiabatic gasifier.

By setting the sixteenth unkndwn,'w , equal to-zero (zero air flow)

a
and solving the first fifteen equations, a unique solution is obtained.
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Then_the,energy equation i{s used to calculate the amount of heat, anS’
which is required. Note that f, to fg are the mass balance equatidng;
f7 to fys5 are the equilibrium equations, and f;g is the energy equation.
Thus, the two gasifier ‘modes are easily accommodated. ' ‘

A very similar approach”is‘taken to obtdin-a solution to the” S
combustor equations. Now the first fifteen-unknowns are taken to be-
the mole fractions of the fifteen.species indicated in Table 3.2-6.

The next five unknowns -are - Ac/RT . Ay/RT, 2o/RT), Ay/RT ), and:ag/RT,.
The twenty-first and final unknown is gfther the excess air fraction &

(with T_ specified) or the product gas exit temperature Tp (with €

specifiZd)f When the endothermic gasifier mede is needed in a cycle, °
the heat which must be supplied to the gasifier comes from the com-
bustor :so Qcmb = 'ans/Ngz wﬁere ch represents the number-of moles of:
clean power gas produced per pound of coal:(after the desulfurization
. process). - Note now that f; to fg are the mass balance equations, fy
to faq are the equilibrium equations, and f,; 1s the energy equation.
Convergence to five significant figures on the mole fractions usually

occurs within eight iterations.

3.3 Waste Heat Boiler

The waste heat boiler is composed of three sections: an economizer
(EC), an evaporator (EV), and a superheater (SH).' The -economizer sec-
tion acts essentially as an additional stage of feedwater heating
where the .relatively hot combustion gases provide .the necessary heat

instead of steam extraction from the stéam turbine. Without the
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economizer, more energy would be Tost through the stack a$ sensible heat.
Thé evaporator section is self-descriptive. The slightly subcooled
water -which enters the boiler fs evaporated to dry saturated steam by
the heat provided by the hot combustion gases.  Finally, the super-
heater section superheats the steam. Afschemaficvrepresentation of
the waste heat boiler is shown in Figﬁre 3ﬁ3A1;. |

It is instructive to construct a T-Q or temperature-heat flow
diagram. ‘This is shown in Figure 3.3-2 not necessarily to any scale.
The upper'unbroken line represents the flow of the "hot product gaseg
from the entrance to gas-sidé-of'the boiler, through the superheater,
evaporator, and economizer sections respectivg]y, and finally to the
stack. The lower broken line represents.the flow on the water side of
the boiler. Feedwater enters the water-side of the economizer section
in a counterflow arrangement, boils in the evaporator section, and -
finally is superheated in the superheater sectibn again in a counter-
flow arrangement. - ' |

The temperature nomenclature at key points in the boiler for both
the steam- and gas-sides is indicated on Figure 3.3-2. The.game sub-
scripts will be used for the other properties (enthalpy and pressure)
~for these points. The pressure is denoted by the symbol P, while the
molar enthalpy is represented by h and spécific enthalpy by h. Further-
more, 'Iet.mG represent the number .of moles of product gas and W the -
mass flow of steam generated in the wastelheat-boi1er. Let us further -
define the pinch point temperature difference AT__ to be the minimum

PP
temperature difference between the gas-side and water-side of the
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boiler: We do not know a priori if this is TG] -T T

| s4* '3~ 's3g* "
TG4 - TS]‘ The determination of where the actual'pinch point occurs
makes this model somewhat interesting. o

Before expThinihg how the binch point is found, it is‘appropriate
now to mentfon the variables which we assume to havé known values. As

in all the'mdde]S, the pressures at each point ﬁré specified: .G1’
Pa2s Pg3o Psa,'Ps]; Psé, Ps3fs and Pgq. Both the number of moes of
gas, me, and the composition of this gas are presumably known (from
prior component calcu1ations). While the composition depehdency on
enthalpy for the gas'is‘not explicity Writtén, it is implied; for
example; hé3 is written with the understandfng that‘the pressure PG3’
the.temperature'TG3,’amd'the mole fractions aré all implied arguments.
The temperatures TG] and TS4 are assumed to be known. However, we
shall see very shortly that it may become necéssary to Tower TS4'
Finally, the pinch point temperature difference ATpﬁ‘and the degrees
of subcooling of the inlet fluid to the evaporator section ATSc are
also presumably specified. All other temperétures, enthalpies, mass
flows, and heat flows are calculated. One more restricfion, however,
must be imposed: the stack gas temperature Tga Must be above the dew
point temperature. This ensures that the water vapor in the gas does
not condense, thus avoiding possible corrosion problems in a real
plant.

Now the solution strategy can be discussed. First, the possible
pinch point between TG] and TS4 must be checked to énsure that the

0

difference TG] - TS4 is greater than or equal to ATpp. If it is not,

the input value of Tsa is modified according to
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S\ . . C(3,341)

Otherwise, TS4 is unchanged. In any event, the.néxt step is to assdme
a location for the actual pinch point. From Figure 3.3;2, this can be

either between Tgz and Ty, OF betwegn Taa andATS]. The 1atter is

g
- assumed first and all calculations proceed on this basis. This assump-
tion is checked by calculating TG3 - TS3g and verifying that this

- difference is larger than AT If it is not, thgn the pinch point

PP’
is assumed to be between T, and TS3g with the calculations proceeding

on this basis. (A redundant check is provided by checking to see if

TG4 - TS] is greater than AT__; at this point,.it must be or_there is

. PP ,.
no solution.) After the pinch point has been located, the remaihﬁng
unknown parameters can be calculated.

No matter where the pinch pojnt.occurs,_TS3f is immediately known
since PS3f is specified and the water is in the saturation state.
Also, Ts3g = T53f’ s1nce we further assume no pressure drop in the

saturation portion of the evaporator section; that is, PS3g = Pgage

Then T¢, is also easily calculated from

Te, = T

$2 T ‘ ‘ - (3.3-2)

s3f ~ Alse

As mentioned above, Ts4‘either is a specified input or is modified

according to Equation (3.3-1).
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3.3.1 -Pinch Point .between TG4 and TS] Lo o ’ L

By assumption | . L

i

" and since Pé], Tgy and PG4,“TG4 (and the gas composition) all have known
values, 561 and 564, respectively, are obtained via the property relations.
Similarly, hS] and hS4 are also easily determined from the'steam fab]es
since st,?TSf.and P54; TS4;?respective1y, arg‘knownu An energy balance

on the entire waste heat boiler gives

Wslhsg - hgy) = mglhgy - hgy)

which may be solved for the steam flow,

hay = h

Gl G4
We = Mol e——p— : (3.3-3)
S ‘ G sS4 ~ 's1 ’ g

Because TSZ’ PSZ are known, hsz'lg known'apd an energy balance-on the
superheater and evaporator sections taken together gives

Y

- h 63)

wglhgy = hgp) = malhgy

which may be solved for Fh3 as -

- - v
R = M - —>(h

63 = Me1 " M - hs2) - B3

Now since Pé3 and Hé3 (and the gas composition) are knOwn,'TG3‘is found

from the property relations. If TG3 -~ Tc3g is greater than or equal .
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to ATpp’ then the correct pinch point has been assumed. Otherwise, the .

pinch point must be between TG3 and TS3

g’

3.3.2 Pinch Point between TG3 and TS3g
By,assumptign, PG3 is known and

- T

+

G3
from which 563 may be found from the property re]ations. ‘Mow .an energy

‘ba1anée on the superheater and evaporator sections taken tqgether gives
ws(hgy = hgp) = mg(hgy = Rgy)

which may be solved for the corrected steam flow, or

h ‘
"Gl G3
We = Mol p——F— : (3.3-5)

Now an energy balance on the entire boiler gives
Wglhgq = hgy) = mg(Rgy = Pigg)
from which Hb4 may be obtained,

w . ] . .

where wg is provided by Equation (3.3-5). Since ﬁé4 and Pé4 aré’knpwn,

T., is obtained via the property relations and TG4 "T51 must be greater-

G4

than ATpp or else no.solution is possible. This fact is used to prpvide

a check, since physical]y‘a solution must exist.
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3.3.3 Check of Dew Point Temperature
Let the mole fraction of water vapor in the gas be denoted by ﬁnzo'

Then the partial pressure of the water vapor pH20 in the stack is given

by

p

Pu,0 = ¥H,0 "c4

From the steam tables, we can obtain the saturationltemperathre‘

corresponding to pH 0 wh1ch 15, by definition, the dew point temper-
ature TDP If TG4 is not greater than TDP’ the ana1yst is a]erted
(by an appropr1ate message in the corresponding computer subrout1ne)

However, the ca]culat1ons described in Section 3.3.4 still proceed.

3.3.4 Calculation of Remaining Unknown Parameters

Since Ps3g and TS3 are known, hS3g is readily determined from

g
the gas tables, and an energy balance on the superheater ines

R,

Gl ~ h

h, 62!

54 = h

ws( S3g) = mg(

which may be solved for hg, as

] ' .
- S ) .
th - hG] - m"-G(hS4 - hs3g)- (3.3-7)

Since,PG2 is also known, TGz may be obtained from the property relations.
It should be noted that the pfoper relation for Wg must be used in
Equation (3.3-7) depending on the location of the pinch point. Let

the amount of heat transferred in the economizer, evaporator, and
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superheater sections be QEC’ QEV’ and QSH’ respectively. It immediately_
follows that |

Qgc = vslhgy = hgy)s

Ws(hgag = hsals
Qgy = Wslhgy. - hg3q)

For comp]eteness, hs3f is easily obtained from the steam tables since
TS3f is known. N | B
This completes the derivation of the mathematical model for the

waste heat boiler.

3.4 Supercharged Boiler

Like the waste heat boiler, the supercharged boiler is composed of .
three sections: an econgmizer.(EC), and evaporator (EV), and a super-
heater (SH). These ser?e the same purpose as in the wasfe‘heat boiler
and the discussion at the beginning of Section 3.3 will not be repeated -
‘here. A schematic representation of the superﬁharged boiier is sthn |
in Figure 3.4-1.. Note fhat we shall include the gas furbine és part
of the modé], The reasoﬁ for doing thi§ will become apparent when we.
develop fhe governing equations. |

As mentioned in Section 2.1; the path of the gaées ﬁn the super- -
charged boiler is different-than that in tHe wasté heat .boiler. - In -

the latter, the gas'which is exhausted from the gas turbine enters the -
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superheater, evaporator, and-economizer sections in that- order before
exiting. the system through the stack. In the former, the hot gas directly-
from the combustor first enters the evaporator and then the superheater. -
The exhaust gas from the superheater enters the Qas turbine where useful
work is obtained from the fluid. The exhaust gas from the tﬁrbine then
enters the‘écbnomizer before exiting the system through the stack.

"~ Once again it:is useful to construct a T-Q or temperature-heat flow
diagram;. which is.shown in Figure-3.4-2, again not necessarily to any
scale. The upper line represents the flow of the hot ‘gas as it is
cooled in the boiler. The drop in temperature of the gas between the
superheater and economizer sections is due to the presence of .the gas
turbine at this point.. The lower broken, dashed line represents the
flow on the water side of the boiler. Feedwater enters the water-side
of the economizer in a counterflow arrangement, boils in the evaporator
section, and finally is superheated in the superheater section again
in a counterflow arrangement.-

The temperature nomenclature at key points in the boiler for both
the steam- and gas-sides is indicated in Figure 3.4-2. Again, these
same subscripts will be used for the other properties (pressure and
enthalpy) for these points. The pressure ‘s once?again denoted by P,
the molar enthalpy by h, and the specific enthalpy by h. Once more,
let mg represent the number of moles of product gas and ws the mass"
flow of steam generated in the supercharged boiler. Again we define

the pinch point temperature difference AT__ as in Section 3.3; hut now

PP
we do know where this will occur in the boiler. ' Because of the magni-

tudes of the temperatures at each of these poinfs (see Chapter 5),
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the pinch pointi will invariably occur at the exit of the stack. ‘However,
for this-model, we shall see that T52 isﬁnot siﬁp]y calculated as it was
for the:waste heat boiler but rather has a value which depends on the °
eﬁergy‘balances_as shown' below. .

The following variables are assumed to have known values. As in
all the models, the pressures at each point are specified: PGf’ PGZ’ hG3"
PG4’ pGS’ PSI’ PSZ’ PS3f’ and PS4’ Again both M and the gas composition
are presumably known, as well as the temperatures TGi’”TG3’ TS]; andst4.

The minimum pinch point temperature difference AT __-and the minimum num-

‘ _ PP
ber of degrees of'subcooling.of the inlet fluid to"the evaporator section- -

AT are also assumed to be specifjed. 'Beéause the gas turbine is

min
included in the'model, we assume‘also.thét the gas. turbine efficiency .
is specified. (See Section 3.10). If the dewpoint'temperature TDp of
the stack gas is reached, then the stack gas temperature is raised..
appropriately, increasing the effectivé‘pfnch point temperature differ-
ence. We shall see short]y'that theleffective ATpp=at the stack'may
be increased for another reason. ' o

Now we are in-a position to discuss the solution strategy. First,
the dew point.temperature TDP must be found to ensure-that TGS is
greater than Tpp. Let quo,be the mole fraction of water vapor-in

the stack gas. The partial pressure of the water vapor pH20 in the

stack gas is theh given by
PH,0 = “H,0 Pes | _ o (3.4-1)

Now from the steam tables, we can obtain the saturation temperature

corresponding to pH'O which is, by definition, the dew point temperature:-
2
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TDP‘ If Tpp - TS] is greater than AT__, then TGS is taken to be equal

PP
to TDP' Otherwise, TGs is taken t? be equal to T51 + ATpp‘ Next, since
the gas turbine efficiency is specified, along with PG3? TG3’ PG4,vand

the gas composition, the gas turbine model described in Section 3.10
gives values for Tp,, ﬁh3, and ﬁb4 (as well as the work done per unit
mass of fluid). Becausa Psgs Tgq and Py, Tgy are known, heq énd he
are determined from the steam tables. Similarly, PG]'and TG] (ahd the
gas composition) uniquely determines Fé] from the gas table property
re]ationsk It is assumed that PS3g = Ps3f and so it follows that

TS3g = TS3f where TS3f is the saturation temperature corresponding to
.PS3f from the steam tables. Similarly we get hS3f and hS3g'

- Using tﬁ% value for TG5 as described above with that for PGS’ we

can get th from the gas tables. By defining y to be the following

ratio
h., - h, '
g2 G | (3.4-2)
g1 = he3 '

where all the h's now have known values, we can show that 552 is then

given by
hey + th . '
_ Sl S4 .
hSZ = _—T—:_Er_—- , (3.4-3)

Note that all the parameters on the right-hand side are known. Then
P52 and hSZ may be used to get T52 from the steam tahles. If the dif-

derence between TS3f and TSZ is not greater that aT then TGS is ’

min?
increased by 10 degree Fahrenheit increments and the calculation begin-

ing with Equation (3.4-2) is repeated until TS3f - T32 is greater than
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ATmin' In any. event, once hsz is known, the steam flow Wg may be found

by the fdl]owing energy balance on the economizer

Wslhgy - hgy) = mg(figy - Figs) | (3.4

which may be solved. for W as

R - | R - |
64 "~ "s

Wo = Mol —— /- , Co (3.4-5)
S G("sz - 51)

An energy balance on the superheater gives
wglhgy = hg3g) = mg(hg, - Rgs)

which may be solved for ﬁhz as

WS . i . '
+ ag(“s4 - hS3g)' | | : (3.4-6)

hga = Ng3

This result and the known value for PG2 determines TGZ' Finally, -the
amount of heat transferred in the economizer, evaporator, and suber—

heater sections are

Qg = Wslhsp - Mgy) (3.4-7)

%y = ¥slhsag - Ms2) | o Gy

and

Qqy = vglhgy - hg3e)s

respectively.
Equation (3.4-3) will now be justified. An energy balance on the

evaporator and superheater taken together gives
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Mslhsy - hsp) = mglhgy - Bgy )

which when considered with Equation (3.4-4), may be solved for h
' H +(7‘_64"’—(;5)}] .
o0 \hg - Fg3) $4

s2 ~ = | (3.4-3a)
heg - Pegl - . .
1+ ( G4 GS) : , |

S2 as

g1 - Pg3

which is Equatfon (3.4-3) with the term in the parentheses being y defined
by Equation (3.4-2). In retrospect, it probably wou]d‘haye been better
to specify TSZ (or ATSC instead of ATmin with T52 = TS3f - ATSC) which
along with P32 would establish hSZ' Then Equation (3.4-3a) could have
been solved for Fbs which with PGS would establish TG5' The pinch point
temperature difference ATpp would ‘then only be used as a check to ensure
that this minimum difference is not violated. This:alternate approach
would yield a value for TGs within 10 degrees Fahrenheit of that from
the original formulation. This difference is not significant and,
furthermore, the amount of subcoo]fng is somewhat arbitrary anyway.

This completés the derivation of the mathematical model for the

supercharged boiler.

3.5 Air and Gas Compressor

Consider the adiabatic compression of a mole of a gaseous fluid “
(air or another gaseous mixture) from pressure Py to pressure P,
in a steady-flow process for which the kinetic and potential energy

changes are negligible. A schematic representation of such a device
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is shown in Figure 3.5-1. Because there are irreversibili@jes associated
with the compression process,'the~molar entropy ?’must increase since we
already assumed the process to be adiabatic. The irréveréible'pkoéeSS is
shown in Figure 3.5-2 in temperature-entropy coordinates as a dashed line
since the pathAfs not really known. "The isenffonféAcohpressioﬁ from P,
to P, is shown as a solid line on the same figure. |

. For this typé of process, we use the usualrdefinition for the
efficigncy'n; whichwis.dgfingd_to Be the ratio of thg_isentropﬁg work(x
requfféd W ltq.thg éctuai wqu'requifed W;ct b9th defined here on

1séen

a mole basis,

W

isen
W.act

ne (3.5-1)
Denotingithe'prpperties at the end of the isentropic process by the prime

(°) and those at the end of the actual process without the prime, we may ,

write from the first law..

isen FE‘ - b
and
W;ct =h, - by ' i - (3.5-2)

where the hy, hp, and h,” are molar enthalpies. Therefore, the definition .

of compressor efficiency then becomes

- HE'A' ﬁ}

e TR, - Ay

(3.5-3)

“

The following parameters are assumed to be known: the gas or air com-

position, the pressure P; and P,, the temperature T,, and the efficiency

~
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n.- The state at the end of the actual process is to be determined as well
as the amount of work required during the process.

Since Py, T;, and the gas or air composition are known, fhe state at
the beginning of the process is completely specified. From.the gas tables
we may get both'ﬁ} and s; where s denotes the molar entropy. 'But by
definition s,” = 5 which considered with P, completely specifiés the _
| state at the end of the isentropic process. Therefore, E}‘ is determined.
Mow Equation (3.5;3) may be solved for h, as

~  —  hyo -

h2 = hl + (3.5-4)

The actual work required wact per unit mass is then given by

Waer = (h2 = hy)/v

where v is the molecular weight of either the air or gas under consider-
ation. We have, therefore, determined the work done during the process

and the state of the fluid at the end'of the irreversible process.

3.6 Condenser

Let us consider the condensation of wet steam to a saturated liquid
condition.on the shell-side of a condenser by the transfer of the_]atent
heat to a secondary water stream on the tube side. To be more qenera] we
allow for a second inlet stream on the steam-side to the hotwe]], since we
anticipate that the condensate from the feedwater heater closest to the
condenser will be f]eshed through a tHrott]e.§a1ve and finally through
a return line into the hotwell. A schematic representation of the
condenser is shown in Figure 3.6-1.
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-It;is‘convenieht to assume that the following parameters are specified:
the temperature Tw]‘and preséure Pw] of tha‘cooling water inlet; the pres---
sure PHZ of the coo]ing water outlet; the temperature rise of the cooling

water ATN; the pressure PS]’ the quality Xg1» and the mass flow of steam-

water mixturenws] into the condenser (from the steam turbine); the pressure

PSz of the ;aturated liquid condensate; and, finally, the pressure PR’ the
quality xp, and the mass flow wpfor the return-line.-

In praetice, PR is generally equal to PS]'since a throttle valve is
used in the return line to make these pressures compatible. Also, since
no pressure drop is assumed on the shell-side, then PSZ is equal to P51’
Furthermore, the fluid at the shel]l-side outlet is assumed to be saturated
liquid water. ATHe temperature-heat flow diagram is ehown in thure 3.6-2.
The condensing steam line in this figure is horizontal since the saturation
temperaturevis constant for a constant pressure. -

The same subscript designation will also be applied to the specific
enthalpies, thus defining hgys hys hps s and‘hwz.p From the steam
tables we immediately can determine values tor hS]’ hR’ and hw] since the

corresponding states are completely specified. Clearly,

Tw2 = TH1'+ ATw‘ (3.6-1)

‘by definition, which with sz, completely specifies the state of the

coo]1ng water at the exit; therefore, hw2 is determ1ned from the steam
tables. Because the condensate leaving the hotwell is assumed to be in
a saturated 1iquid condition and the pressure at this state is known,

we determine Tg, from the steam tables as the saturation temperature

A
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corrgsponding to Psz,and hSZ is also easily determined. From cdntinuity

of mass, we must have

Wsp = Wgy t Wp

(3.6-2)

for the shell-side of the condenser.” Now-an energy balance on the entire:

condenser gives

hip) = Wsifgy *+ Wghp = wsohsy

Wy(hyp -
which we may solve for the cooling water flow W, as

h h

+ wpxh 2

S1 R'R ~ Ys2

_ s R~
hw2

Wy ©

- Py

The amount of heat rejected Qy is then obviously

Q = wylhyp = Py

\

is a saturated steam-water mixture.

3.7 Deaerator4wn

(3.6-3)

(3.6-4)

For completeness, TR-is also determined since PR islknown and the fluid

Many times a deaerator is referred to as an open feedwater heater.

These two terms can be used interchangeably. In order to avoid corrosion

problems in the heat transfer devices, it fs nécessary to remove the )

ehtrapped,a{r in the feedwater. This is most>common1y done by using an

open feedwater heater. For bur purposes, we do not have to actually

model the air ejection,sihcé,thisais not relevant fo our problem. There-

fore, we shall treat the deaerator as a simple open feedwater heater.
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A schematic representation is shown in Figure 3.7-1. Again we include
the possibility of a return line for a reason similar to that cited in
‘the development of the condenser model in Section 3.6.

We assume the following parameters are §pecified: the pressure PL]
and témperature TLl of the feedwater into the deaerator; the'outlet
pressure PL2 and the outlet flow Wy o3 the pressure PR, the quality Xps
and the mass flow Wp of the saturated steam-water mixture in the return
line; the pressure PS and either the quality Xg (if saturated) or the
temperature Tg (if superheated) of the extraction fluid. By definition
of an open feedwater heater, the mass flows into the heater intimately
mix, producin§ one outlet flow stream in a saturated liquid condition.

As is the usual case, the samé subsc?ipt designations will be
applied to the specific enthalpies, thus defining hs, hR’ hL]’ and hL2'
From the steam tables, we can'immediately determine values for hs, hR,
and hLl since the corresponding states are comp1ete1y.defined. If the
extraction fluid is saturated, then specifying Ps fixes TS as the
saturation temperature corresponding to PS; if superheated, Xg is no
longer meaningful. The temperature T p at the feedwater outlet is also
easily obtained from the steam tables as the saturation temperature
corresponding to pressure PLZ’ and hL2 is simply the saturated liquid
enthalpy of the outlet fluid. Beéause the return flow fluid is saturated,
TR is the saturation temperature corresponding to PR

Vow with a]] the appropriate enthalpies at each state point spec1f1ed,

an energy ba]ance on the deaerator will give an expression for the extrac-

tion f]ow W as follows. The energy balance yields
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h,y + wohe + wph;

L1 * Wghg * wphp = W oh

ML L2 (3.7-1)

which when the mass balance equation
Wip = Wy twg +owp : ' (3.7-2)

is considered to eliminate the unknown mass flow W1 between Equations

(3.7-1) and (3.7-2) we may solve for Wg as

W plh o = hyg) +wplhy g - hp)
Wg = h. = R
hg = iy

(3.7-3)

Now with Wg known, Equation (3.7-2) may be solved for the-unknqwﬁ feedwater

inlet flow as
WLy T W T WS T YR (3.7-4)

Thus, the states and mass flows of the four flow streams are completely
specified. ‘

One may ask why W2 is considered to be a known while Wi is unkonwn.
This is most simply answered by referring to Figures 2.3-1, 2.3-2, 2.3-3,
or 2.3-4. Uhen we add feedwater heaters later the last component in the
feedwater train will be a deaerator. Since the steam flow to the steam
turbine is presumed to be known at this point in the cycle calculation,
it is’easi1y seen in these figures that W o is precisely equal to steam
turbine inlet flow which is known from a prior component calculation,
namely the waste heat or supercharged boiler calculations discussed in
Sections 3.3 and 3.4, respectively. This kind of reasoning is used

throughout the model development and has resulted in simplifying the
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complexity of the model input and output considerably. In rare cases where
an assumed input parameter is not really known, an iterative procedure

using the model as developed could be easily implemented.

3.8 Closed Feedwater Heater

A closed feedwater heater is a heat exchanger in which steam extracted
from a steam turbine provides the heat necessary fo raise the temperature
" of the feedwafer. A schematic representation is shown in Figure 3.8-1.

As we have done in the condenser and deaerator models, we shall allow for
more f]ex1b1]1ty by including a return 11ne from a downstream feedwater
heater to the shell side of the feedwater heater under cons1derat1on

Now it is convenient to assume the following parameters are specified
from the outset: the pressure PL]’ the temperature TLT’ and the mass flow
Wiq of the feedwater into the heater; the pressure PS] and either the
quality Xgq or temperature TS]'ofAthe steam extraction f]uid; the pres-
sure PR’ the quality Xps and the mass flow Wo of the fluid entering the
shell-side through the return line; the pressure PL2 of the feedwater'
outlet flow; and, finally, the terminal temperature difference 8Tr1p
between the shell-side temperature Ts (or Tgp OF TR) and the temperature

T, , of the feedwater outlet.

L2
As in the condenser model, the return line pressure Pp is in general
equal to PS]’ Also, since no pressure drop is assumed on fhe shell-side,
then P32 is equal to PS]' Furthermore, the fluid at the shell-side out-
let is assumed to be seturated'liquid water. The temperature-heat flow

diagram is shown in Figure 3.8-2, where the terminal temperature differ-

ence ATTTD is indicated. The condensing steam line in this figure is
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horizontal since the saturation temperature is cohstant for a constant
pressure.
' We note that the model allows for specification of the state of the

steam extraction fluid by either PS]’ Xq1 if saturated or P T

s> Tsy iF
"superheated. It is a simple matter to then determine Tgy in the former

as the saturation temperature corresponding to PS]‘ If the fluid is
superheated steam, then Xg1 is not mean1ngfu1 In any event the spec1f1c _
entha]py hS] is also easily obtained from the steam tables Figure 3.8-2
is valid only if the steam extraction fluid is in a saturated state,

which is the usual case in practice. . o .

The steam tab1es once again provide us with the entha]pIes of the
states which are comp]ete1y spec1f1ed by the variables assumed to be known.
First, PL]’ TL] determ]ne hL]' Slnce we assume the she]l-s1derut]et
fluid to be saturated water, then Tsz is the Saturation temperetere cor-
responding to the pressure PSz which is taken to be 'equal to PSt‘ Clearly,

this is also fixes hSZ' Then from the definition of the terminal temper-

ature difference,

T

2 = T

s2 - 4Trrp- | . o . (3.8-1) .

This with PL2 fixes hL2’ since we have a subcooled liquid state. Finally,
{ . : : ) .
PR a_nd“xR completely fix‘hR, Now with all the enthalpies known , the

energy balance equation for the entire heater is'

h h hey + wyh

W22 - WLty T Wsyhgy *owphp - wg,h

2 (3.8e2)
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But by continuity of mass on the tube-side, we have
"2 T e S - - (3.83)

and on the shell side,

T

Wy = Wgp * Wp. | o . ‘ . (3.8-4)
Using Equétions (3.8-4) and (3.8;3) in Equation (3.8-2) and solving for
Wgy» We get ‘

vyl = hig) - wplhp - he,)
W1 = ' |
By - Mgy

i

(3.8-5)

With the steam extraction flow ws],.fixed by Equation (3.8-5), the shell-
_side outlet flow is given by Equation (3.8-4).( We Have thus determined

all the remaining unknown parameters.

3.9 Gas Coo]ér

This model is especially simple since the main purpose is to calculate
the amount of heat which is discarded. Because the rejected heat is not
used, this represents a heat loss from the cycle in which such a component
is used but does not’necessari]y Tower cycle performance. This partiEuTar
component may be part of an {ntercooied compressor as mentioned in Section
3.1 or, as we'sha11 see later, it may be used to cool the gas before the'“
sulfur removal process. |

- [t is convenient to assume the following parameters are known in

the model: the gas composition, the pressure P; and temperature T; at the
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inlet, the pressure P, and temperature T, at the putlet, and the.ngmber
of moles, m, of gas passing through the intercooler. Figure 3.9-1 shows
the schematic representation of a gas cooler, which may at times be

referred to as an infercoo]er. The heat removed Q from the gas is then

simply
Q = m(hy - hy)

where T, is assumed to be greater than T,, and h; and FQ are the molar

enthalpies of the inlet and outlet fluids respectively.

!

3.10 Gas Turbine

Now we consider the reverse of the process described in the air and
gas compressor mode]s. We want to model the adiabatic expansion of a
mole of a mixture of gases from a pressure P; to a pressure P, in a
steady-flow process. Again we neglect the changes the kjnetic and poten-
tial energy and heat losses. A schematic representation of the gas
turbine is shown in Figure 3.10-1. Like the compression'process_we have -
irreversibilities associated with the expansion process. Thus the molar
entropy § must increase during the process. We show the irreversib]é
process in Figure 3.1072 on température-entropy coordinates as a dashed
line since the path is not really known. The isentropic expansion from

Py to P, is shown as a solid line on the same figure.



Now we define the efficiency of the gaS turbine nf to be the ratio of
the actual work produced wact-to the isentropic work produced wisen’ both
defined here on a mole basis, or

W < | |
np = e - (3.70-1)
Wisen
Fo]lowing our convention of denoting the state at the end of an

isentropic process by a-prime (), we can write from the first law that

SR - (3.10-2)

N

and

Wy = - (3.10-3)

where the h's are all molar enthalpies at the states indicated by the sub-
scripts. So the efficiency becomes

_FI-FZ

b WL} 3.10-4)
nT N ‘Fz' ( . )

For convenience, We assume the following parameters are known: the
gas composition, the pressures P; and Pz; and temperature T, , and the
efficiency - We want to determine the state of the gas mixture at the
end of the expansion and the.actua] amdunt of work produced on a mass
basis, W ;.
| Since the gas composition, Py, and T; are known, the state at the

beginning of the process is completely determined. We get bath Fl and ;1

3-59



from the gas.table properties. - Then by definition, s;”.= s3, and with Py

- fixed, we -have estab1ished-ﬁ}‘, Solving Equation (3.10-4) fcr-ﬁé gives
hp = By - nT(E} - hy”). (3.10-5)
If we denote the molecular weight of the gaseous mixture as v, then the

actual work produced on a pound basis is given by

W

st = (M1 = h2)/y o (3.10-6)

With F} and Ps f1xed, we can eas11y get the temperature T of the fluid

at the end of the actual expansion, es well as“any other property.

3.11 Gas-to-Gas Counterflow Heat Exchanger

The concept of heat exchanger effectiveness mey be hsed‘to advantage
in a thermodynamic analysis of any power cycle in which heat exchangers
may'be required. Earlier we have recognized the fact that we are 1imiting
this modeling effort to the thermodynamics of the processes only. \we
agreed that for our burposes 1t 1s not necessary to kﬁow how large a
part1cuTar compohen% would have to be. But the very concept of a heat
exchanger entai]s considering such factors as heat transfer coefficients.
heat transfer areas, and so forth, which all depend on the geometry of
the device. MWe shall see below how our using the effectiveness e, defined
to be the ratio of the actual heat transfer to the maximum possible,
sufficiently characterizes the heat exchanger to enable us to retain our

thermodynamic approach. We further limit chis model to gas-to-gas heat
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exchange‘{n a counterflow arrangement because in Chapter 5 we shall see
that this pafticu]ar compohent will improve the cycle performance signif-
icantly.
A schematic representation of the gas-to-gagicounte}flow heat exchanger
is shown in Figure 3.11-1. Because we shall use this device to regenerate
heat from one fluid to another, we may also refer to this component as a
regenerator. Let us assume the foflowing parameters are specified from
the outset: the effectiveness e; the molar flows of the hot and cold fluids,
My, and Me» respectively; the pressures at inlet to and out]et from the hot
side or Ph] and th, respectively, and at the inlet to and outlet from
the cold side or Pc] and Pc2 respectively; the temperatures at the inlet
to both the hot and cold sides or Th] and'Tc], respectively; and finally,
the composition of the gases on both sides.
bepending on the relative heat éapacities which is the prodqct of the
mo]ar’f1ows and moiar specific heats, we may get two different temperature-
heat fléw diagrams as shown in Figure 3.11-2. In Figure 3.11-2(a), the
hotter f]uid’is assumeq to havé the smaller heat capacity or'thbh is

less than m_c, . where cp, and Cp_ are the molar specific heats of the hot

c

and cold fluids, respectiVe]y. In Figure 3.11-2(b), we assume mchc is
less than thbh., These devices are usually well insulated and so it is
reasonable to assume no heat loss. An energy balance on entire regenerator

then gives

MCpclTea = Ter) = Mcpn(Tyy = Tpo) | (3.11-1)

From this'equation, we see that the difference between Th] and Th2 must

be larger than that between Tc2 and Tc] when M Cop is less than Mm.Cpes
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and vice versa. Based on our definition of effectiveness, we can get
two different expressions depending on which fluid has the minimum heat

capacity. If the hot fluid is assumed, then

T

€ =

-T '
1 _h2 C(3.11-2a)
Th1 = Te . , |

but if the cold fluid is assumed, then

¢ = ;53-;-;SJ . | (3.11-2b)
ni cl
We must be careful, therefore, in choosing the correct defining equation
for the effectiveness.

Because we prefer to work with enthalpies rather than specific heats,
an a]te;nate equivalent approach will be taken. We shall first assume
the hot fluid has the minimum heat capacity and use Equation (3.11-2a)
to solve for Thé' Then an energy balance wi1f give Tc2' The amount of
heat transfér is then readily calculated. Then, we shall assumé the
cold fluid has thé minimum heat capacity and use Equation (3.11-2b) to
solve for Tc2' Now the energy balance will give Th2 and agéin the
amount of heat transfer may be calculated. The minimum fluid must be
the one which, when assumed as above, results in the smaller amount of

heat transfer, since the heat transfer Q is given by20
Q = emcp)nin(Thy = Te)

where (mcp)m.n is the smaller of m.Cpc and ™ Cpn
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First, we assume that the hot fluid is the minimum one. Then

Equation (3.11-2a) is solved for Thp @S

Thz = Th] - E(Th] - Tc]) . . (3.]]'3),

With T, fixed by Equation (3.11-3) and with Py, known (the gas composition
is also known), we can get hh2 from the property tables. Similarly Pc1,
Tey and Py, Ty fix F;] and Eh]. The energy balance in terms of the

- entahlpies becomes
mh(hh] - hhz) = mc(hcz - hci) . (3.]1‘4)

- which may be solved for E;z as

- — moo—- - ' ,

Since P, (along with the gas composition) is known and 5;2115 fixed by
Equation’(3.11-5), we can obtain Tc2 ffom the property tables. The heat

transfer QH’ if the hot fluid s the minimum one, may then be given as

QH = mh(-h-h] - hhz) (3.]1-6)

Next, we follow a similar procedure by now assuming the cold fluid

is the minimum one. Now Equation (3.11-2b) is solved for Tc2 as

Tcé = Tc] + e(Th] - Tcl)' - (3.11-7)

Wle then get E;z from the gas tables, which we use in Equation (3.11-4)

which we solve for EBZ to get
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m :
h ., = h < h.-h : ST
"z = M = R (e = Py S (3.11-8)
This fixes T ,. Now the heat transfer Q. may be taken as :
Q¢ = mylhyy = Ppg)- : T (3.11-9)

If QH is greater than QC’ then the cold fluid has the minimum heat capacity
and we use.Equations (3.11-7)to (3.11-9) to describe the heat exchanger.
If QC is greater than‘QH, then Equations (3.11-3) to (3.11-6) are used.

3.12 Steam Generator

The'steam generator provides the steam needed by the coal gasifier
. by utilizing the sensible heat in the gasifier power gés. A schematic
representation is shown in Figure 3.12-1. The model for the steam Qener-'
ator appears on the surface to be identical to that of the waste heat
boiler. However, they are quite different since the parametefs vhich
are known are different. For example, in the waste heat boiler model
we had to determine the steam flow using the fact that the minimum
pinch point temperature difference was to be respected. Here, the
steam flow is known (fixed by the gasifier model) with the pinch point
temperature difference being used only to determine if, in fact, it
is even possible to raise the required amount of steam. Fortunately,
in every case of practical 1ntefest, we aré able to do this.

It is convenient to assume the following parameters are initially
known: the pressure PL and temperature TL of the water flowing %nto the
steam generator; the pressure PS and temperature TS of the.superheafed

steam; the mass flow of steam Wes the pressure PG] and temperature TG]
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of ‘the power gas flowing into the gas-side;'the‘ho1ar.flow of power gas
mG‘and the gas composition (which, as usual, is needéd to detefmine fhe
enthalpies); the pressure PG3 of ithe gas flowing out of the gas-side;
the pressdre PG2 of the gas at the internal pinch point shown in
Figﬁre 3.12-2; and, finally, the minimum pinch point temperature .
difference ATpp; . | '

'The temperature-heat flow diagram i; shown in Figure 3.12-2 for
the steam generator. From the steam tables we may immediately 6btain

the specific enthalpies hS and hL' The required amount of heat is
then given by

Qg = Wslhg - h ). | T (3021

Since.we assume no heat losses, this also must be equal to

QSG e mG(FG] - F‘Ga) (3.12-2)
where Fb] is the molar enthalpy from the gas tables since the corre-
sponding state is specified. Equating the right-handjéides of Equations
(3.12-1) and (3.12-2), we may then solve for Féé as ' -

_ o " . " o

hG3 = hGl - EE'(hS - hL) . (3.12-3)
which,lwith PG3’ fixes TG3' An ghergy balance on thevse;tiqn in thé
steam generator between TGZ and T63 gives an expressidn which may be

solved for th as

w
Co= - -—S - -
th‘- hG3 + e (hLS hL) (3.12-4)
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where hLS is the saturated Tiquid enthalpy for water at pressure PLS
which is taken to'be equal to P . From the steam tables we aiso get Tis
" which is the saturation temperature corresponding to PLS' With‘hbz

fixed by Equatton (3.12-4) and Pa2 known, we get T., from the gas table

properties.
We,complete the model by checking to make sure that TG1 - TS’
Ter - Tise and Teq - T, are all greater than ATpp If th1s were not

the case, then it would be 1mposs1b1e to raise the requ1red amount of
‘steam by.this method and an alternative method would have to be found.

Fortunately, this is not the case as we shall see in Chapter 5.

3.13 Steam Turbine

- The steam turbine model is very similar to the gas tuhbine model.
There are two key d1fferences, however, The first is the fact that
the inlet fluid to the turbine may be superheated steam or a saturated
steam-water mixture, making the model more complicated. The second,
which simp]ifies the model, is that we have only one species to consider,
namely H30. .

We find it conven1ent to assume the fol]ow1ng parameters are
initially known: the pressures P, and P, at the inlet and out1et of
the steam turbine; the efficiency N defined similarly to that in
Section 3.10 for the gas turbine; and finally either the temperature
T, or quality x; of the inlet fluid. A schematic represehtation of

the steam turbine is shown in Figure 3.13-1.
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To get a multi-stage steam turbine with steam extraction for
feedwater heating we simpiyfébnnecf as many of these single-stage models
in series as are required. This approach allows much flexibility in
the use of th1s single model. If we were to try to actually model a
multi-stage steam turbine with extraction,.we wbu]d see that the feed-
water heater models are coupled to the steam turbine model through the
extra;t1on flows. We avo1d this compllcat1on by obeying our qenera] '
rule to model each process via a single component model where possible.

The solution procedure is similar to that of the gas turbine mcdel.
First, we .construct the temperature-entropy diagrams shown in. Figure
3.13-2. In Figure 3.13-2(a), the fluid is assumed to be initially in
a superﬁeated state and in Figure 3.13-2(b) a steam-water saturated
state. The final state is shown in the saturation region but we shall
allow in our model for the final state to be either superheated steam
or wet steam. For the case shown in Figure 3.13-2(a), we define the
initial state by P, and T; since these’properties are independent.

For that shown in Figufe 3.13-2(b), the initial state is defined by
P1 and x;, where x is used to denote steam quality. In any event, we-
can easily obtain the specific enthalpy hlyand specifit entropy s; from

the steam tables. Again we denote the states at the end of the isen-

tropic process by the prime (), so by definition S2° = s3. But Py
is known so, h,” may be found from the steam tables. But N is defined

by
h, - h

nr R o (3.13-1)
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which we may solve for h, as

ho = hy = ng(hy = h2?). (3.13-2)
The work done by the fluid on a unit mass basis wact'is then
Hyep = M1 = hy o o S (3.13-3)

If the state at the end of the expansion process turns out to be 1n '
saturated region, the qua11ty Xg can be easily calculated The temper-
ature T, is also now fixed since P,, h; spec1fy the state at the end

of the actual expansion process.

3.14 Gas Cleanup System

The purpose of the gas cleanup system is to remove a significant
amount of the undesirable species in the power gas produced'in the
coal gasifier. Fer examb]e, as we shall see ih Chapter 5, most of
the sulfur in the coal combines with some of hydrogen present to form
hydrogen sulfide, H,S, with a smaller amount combining thh carbon .
and oxygen to form carbonyl sulfide, coS. Fortunately, as we saw in
Chapter 2, there are many we11eknown proeesses whieﬁ are designed to
remove}HzS from a:gas to just aboutrany desired purity. In fact, as
we have discussed in Section 2.2,.this is onelof theamotivating teasdns
for gasifying the coal in the first place. A schematic reptesentation
is shown in Figure 3.14-1. |

It is convenient to assume that the following parameters are

known: the composition of the power gas into the gas cleanup system
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on a mole fraction basis ZRE the phessure PG] and temperature TG] of
theldirty power gas; the pressure PGz of the clean power gas; the mass
f1dﬁ wGl'éf the dirty power gas; and fina]]y the removal efficiencies
of the hydrogen sulfide, Earbony1 su]fide carbon dioxide, and ammonia
vapor or ”H S* "cos? “CO s and "NH » respectively. .

' ‘Given the gas composition into the system on a mole fract1on basis
u{ 1 it.is simple to convert it to a composition'on a weight fraction
basis m1 1 Hav1ng done this, we can get the mass flow of the waste

product stream wwps from

“wps = "G1E“H25“H25,1 * ncostcos,1 * 1c0,9C0,,1 * "NHaUNH;, 19
' (3.14- 1)

vihere, as above the removal efficiencies n; are def1ned to be the ratio
of the mass of spec1es f removed per unit mass present. The weight
fractions Wi 2 of the gas 1eav1ng the system may now be adJusted by

defining.-Q as

T 10 ) '
g.= ) QOengloyy - _— (3.14-2) .
. f:l A 3

where thie n; are zero for those speéies which are not'HZS, cos, CO,, or

‘ NH3. Table 3.2-3 defines the species associated with each subscript i.

Now wehget the composition of the gas w; o ON a weight fraction basis
‘ . , e %, " 1o

Teaving the cleanup systemias

wj g = 0j 1/9 - . (3.14-3a)
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for all species but H,S; COS, CO;, and NH3 and as
ag,2 = (1-ngdug y/0 - (3.14-30)

for these species. The molecular weight of the gas vGé’out-of the system

is ngen by
10 Wy 5 . E ‘ ‘
Vg2 © ) -f;?— (3.14-4)
i=1 -

where the v; are the molecular weights of the individual species. The

outlet gas composition Wy o ON A mole fraction basis becomes
]

Y] | (3.14-5)
. u1’2 . .

VGZ \)i
for each of the ten species in Table 3.2-3. The mole flow of gas Meo

out of the system becomes

a2 = (Wg1 = Wyps)/vg2 (3.14-6)

At this point, we restrict our mode] to those sulfur removal processes
which use water as the solvent. The gas leaving the cleanup system is
then assumed to be saturated with water vapoé.. We further assume that

TGz is equal to TG1‘ So the mole fraction of water vapor in the clean

T qas upgq 15 9iven by

P

. sat : | -
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where P is the saturation preSsure corresponding to temperature TG2’

sat
The -number of moles of H,0, mHZO' required to saturate the gas can be

" shown. to be given by

_ M2 (¥Req = ¥hp0,2!

™,0 T - e (3.14-8)
and so the mass of water ngO which 1s'required is
MHa0 * ™,0%H,0 B (3.14-9)

The actual mass flow of clean saturated gas wGg out of the system is
at

sat ‘

The mole fractions of tﬁe:s,aturated.g,asﬁi 2 must be-adjusted by
w dat

MeoH
by p = oindaf (3.14-11)
gat : GZ H20
Fin611y, the mole flow of clean satUréted_gas M2 {s given by
' sat
wG2 o
ey = b ‘ (3.14-12)
sat  .G2 o ~ : :

It is'then a simble matter to get the corresponding composition of the

clean saturated gas on a mass fraction basis.
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3.15 Throttle Valve » C .

The throttle valve is a veryfsimple component which is used to
reduce the pressure of the incoming fluid: " A schematic. representation
is shown in Figure 3.15-1. By neglecting changes in kinetic and poten-
tial energy and heat losses, we see that the first Taw of tﬁé}hb&ynamits

for this stéady-f]ow'process reduces to

h]_,_: h2 . ) - (3.]5-])

Qhere the specific entha]piés are denoted by hland'the subscripis, 1 and

2, correspond fo tﬁe fncoﬁing fluid at pressure P, and pressuré P2,y

respective]y. ' o ~
Rather than combining the two possible fluids that we need to

consider into one model, we shall develop one model for gas énd one

for steam. As one might expect, however, the'cé]cu1ations involved

are very simple.

3.15.1 Throttle Valve for Mixture of Gases

In this model, we asshme that the pressure P; and témperature T
of the incoming fluid are known,'as well as the downstream pressdre’Pz
and the‘gas composition. From this information, the molar eniﬁa1py hy
for the incoming gas is easily obtained from the gas tables. Equafion

(3.15-1) may be written in terms of molar enthalpies h as
b o=hy - (3;15-2)

So the final state is completely specified by P,, E}, and the gas compo-

sition. The temperature T, of the gas at the end of the throttling

3-72



process may then be obtained from the gas tables. It is this temperature
T, that we need to know, since it inevitably will provide an input to:
another ecmponent model. in our cycle.

3.15.2 Throttle Valve for Steam

We now assume that the pressure P, and the temperature T (1f super-,
heated or subcooled) or steam quality x1 (if saturated) for the incoming
fluid are known, as well as the downstream fluid pressure Py. If the
state of the incoming f1u1d is superheated or subcoo1ed, we use P1 and
T, to determine hj. However, 1f the 1ncoming fluid s saturated we use.
P, and x; to deterh1ne ‘hy. In any event, by Equat1on(3 15 1), we take hy
to be equal to h;. Then with P, and h, fixed, we can with the help of
the steam tables determine Tz. Again, it 1is 1mportaht to.knou the vaiue

of T,, since this temperature is 1nevttab]y an input (along with Py) to

another component model in the cycle.

3.16 Water Pump

The primary purpose of a water pump is to raise the pressure of the
subcooled water by doing work on the fluid. If we assume the changes
in kinetic and potent1a1 energy during the process and the heat loss N

from the fluid are negligible, then the first law for this steady-flow
. . o ] '

process redu;es.tp

Maee = ha = hy ' (3.16-1)
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where hy; and h, are the specific enthalpy of the fluid into and out of the

pump, respectively, and wact is the work required per unit mass of water. 

A schematic representation is shown in Figure 3.16-1

Again we denote the end of the isentropic process shown in Figure

3.16-2 by the prime (~) and using a definition of efficiency ﬁp similar

to that'of the air or gas compressor, we write

hzf ',h1
" TR, = hy

© (3.16-2)

We find it convenient now to assume the following parameters are

known: the pressure P; and temberature T, of the subcooled in]éf to the’

pump, the outlet pressure P,, and the pump efficiency Np-

Since we have a single species fluid, we may write

dh = v dP + T ds

(3.16-3)

from elementary thermodynamics, where v is the specific volume and T is

the temperature of the fluid and dh, dP, and ds are infinitesimal changes

in specific enthalpy, pressure, and specific.entropy, respectively. But

for an isentropic process,

ds =0
and so

‘dh” = v dP

which may be integrated between the two states to give
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P, ' . ‘ . o '%
h,” = hy = j vdp. ' _ (3.16-5) ;
So Equation (3.16-1) becomes with the help of Equation (3.16-2) and the

last equation

W, = --f v dp N o . (3.16-6)

Furthermore, since subcooled water is ﬁractica]]y;1ncompre$sible, we may
approximate Equation (3.16-6) by taking the specific volume v in the

integrand to be v;, a constant, and geot
M, = Ylp, - py) | - (3l16-f)
act’ np 2 . 1 .

We then get h, from Equation (3.16-1) or
hy = hy + W (. ) (3.16-8)

;The>soluti6n ﬁrocedure is obvious by now. NelgetAvj and h; from
the steam tables using P; and T; to dew"ine'thé‘.stat-ie.”We.compute'wac‘t
according to Equation (3.16-7) and then hz from Equation (3.16-8). Then
T, may be determined from the steam tables since P; and h, define this
state. The appropriate Cbnversibn'factors; of course,‘must be used to-

make the units consistent.
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CHAPTER 4
THE COMPUTER PROGRAM AND SUPPORTIVE CALCULATIONS

4,1 Introduction

In this chapter, we shall indicate how the four cycle configurations
which we discussed in Chapter 2 are actually assembled in a FORTRA& com-
puter program. The program structure has been designed to be modular.

The main program CGACC, which stands for Coal gpsif%cation and Combined
Cycles, calls only the four configuration subprograms CNFGI, CNFG2, CNFG3,
and CMNFG4, depending on the configuration that the analyst wishes to study.
In these subprograms, all the component subroutines, whose mathematical
models were developed in Chaptef 3, are connected together in a way which .
models the configuration of interest. Also special duty subroutines,
which contain the default values (Subroutine DINTi), initialize the cycle
point pressures (Subroutine PRIi) and print the results (Subroutine PRINY)
and which are unique to CNFGi, are used. As we saw in Chaoter 3, the
steam table and gas table properties were used extensively-in all the
component models. The need for casting these properties into subroutines
or functions for use on the computer is obvious. Finally, for complete-
ness we shall also list all auxiliary subroutines and functions which
facilitated the programing effort.

The input and output to CGACC are described in Appendices B and C
respectively. However, several comments should be made at this point.

Tﬁe basic data packet (only batch input is available) consists oflfhree
items. The first is a title card, which if blank terminates execution
of the program. It is convenient to desbribe the case under consider-

ation on this card. The second jtem is the namelist SMASTER, which is
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always read no matter what configuration'is being éna]yzed.  It:is through
$MASfER that the user tells the computer which configuration he wishes to
study via the variable CONFIG. Based on this value (CONFIG=i, where i may
be 1, 2, 3, or 4),'the third item in the data packet, name1ist.$CONFj, is .
read. .The namelist is unique to Configuration i. Each variab]e in all of
these namelists has a built-in default value which.the computer.uses if
the user does not redefine its value. Appendix B defines-a11 the input
parameters as well as the default values and units for each of the five
ﬁameIists.

It should -be noted that "canned" programs are available to do much
of the same type of calculations that we require here. In one such program,
it is claimed that any cycle can be modeled by appropriate input of FORMAT
data cards. While this is an excellent approach on the part of the pro-
grammer, it is a "black box" approach on the part of a user who has not-
written thg program. The user cannot easily modify the program and must
accept results on blind faith. Also, the advantages of the quick,.easy
input are lost since bulky input decks using FORMAT must be prepared.
Aside from the cost consideration, the disadvantages of using these
programs are significant enough to warrant development of a personalized
computer program. .

The program hierarchy is summarized in Figure 4.1-1. .The ﬁain
program will be discussed fﬁrther in Section 4.2, the configuration sub-
routines in Section 4.3, the component subroutines in Section 4.4, the
property Eubprograms in Section 4.5, and finally the auxiliary sub-

programs in Section 4.6.
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4.2 Main Program

The primary ‘purpose of the main ‘program GGACC is to allow access to
the appropriate configuration which we wish to analyze. A flow chart of
the main program is. shown in' Figure 4.2-1. From this flow chart, we see
that the first task to be done by CGACC is ‘to read a title ca}d, which
we may use to document the case since this is pkinted near the'tqp of
every output page (see‘Appendix C). If this card is.b1ank, execution
is terminated. Otﬁerwise, the computer will then read the namelist
$MASTER, which among other parameters contains the variable CQNFIG.

The user is able to analyze configuration i by specifying CONFIG=1i in
this namelist. Another variable in $MASTER, called LISTIN, enables
the user to list thé current values of all the variables in 3$MASTER by
setting LISTIN to an integer different than zero. In other words, if
LISTIN equals zero, then the current values of variables in $MASTER
are not printed in the output. Fihally, based on the value of the
variable CONFIG, the appropriate configuration subroutine is called.
When the calculations -in CNFGi are finished, control is transferred
back to the main program and a new title card,indicating a new case,
is read. If the title card is blank, executidn is terminated; other-
wise, the above is repeated.

Appendix B.2 should be .consulted for a complete list of variables.

in namelist $MASTER and their associated.definitions and default values.

4.3 Configuration Subroutines

As we have mentioned before, the configuration subroutines are

actually the subprograms in which we assemble the component models to
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model the cycle configuration of interest. Let us remain genera1,ih our
discussion by discussing configuration subroutine CMFGi. A simplified.
flow chart is shown in Figure 4.3-1. It is simplified in the sense that
all the CALL statements for the component subroutines are lumped together
in the area within the dashed box in the figure.

Subroutiﬁe CNFGi first initializes all the input parameters in
namelist $CONFi if the variable DINT read in namelist $MASTER is nof
equal to zero,or if this case is the first one of Configuration i to
be analyzed in the data deck. This data initialization is accomplished
by calling subroutine DINTi. The default values of the input parameters
are given in Appendix B.3 along with their meanings and units. Next,
the second and final namelist $CONFi for this case is read:which enables
the user to change the built-in values for the various parameters for
Configuration i. If the variable LISTIN is different than zero (defined
in namelist SMASTER), then each variabTé in $CONFi is printed in the
output with its current value for the case under consideration. Then,
all cycle point pressures are calculated in subroutine PRIi using the |
pressure drop data which are input (or the default values used). All
the component subroutines are then called with the output from one
providing the input to the next. By referring to the listing of the
configuration subroutines in Appendix A, we may see that very little
additional programming is dbne. Finally, all the various efficiencies
are calculated in subroutine EFFICY, the gaseous air pollution effluents
in subroutine POLUTE, and the results printed by subroutine PRINi.

Refer to Appendix C for a brief description of the output. The various
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-efficiencies which are calculated in EFFICY are defined in Section 4.6,
which a]sb describes how thé pollution information is generated, since
these are considered to be auxiliary calculations.

By way of summary, we list.in Table 4.3-1 the cycle configuration
description associated with each of the four configuration subroutfnes,
In Chapter 5, we shall see how the configurations presentéd in Chaptef 2
may be imbroved by the addition of certain components. At that time,
we shall expound on the details of each configuration after it has been
modified to improve cycle performance and to meet the air pollutioh
criteria set‘by the federal government. The basic computer program
structure, however, remains unchanged from the description given in

the present chapter.

_ Table 4.3-]
Summary of Configuration Subroutines
Configuration ' ' Subroutines which
Number Subroutine Description of Cycle are Uniquely Called

1 CNFG1 Adiabatic gasifier DINTY
integrated with waste PRI
heat boiler combined PRINT
cycle. ' '

2 CNFG2 Adiabatic gasifier - DINT2
integrated with super- PRI2
charged boiler combined PRIN2
cycle.

3 CNFG3  Endothermic gasifier DINT3
integrated with waste PRI3
heat boiler combined PRIN3
cycle.

4 CNFG4  Endothermic gasifier DINT4

- integrated with super- PRIA
charged boiler combined PRING
cycle.

4-5



4.4 Component Subroutines

Each of the component models described in Chapter 3 has been cast
into the form of easy-to-use subroutines. Neﬁéan distinguish at a
glance which variables afe input, which are output, and which may be
input or output. This is done by interprefing the parameter list after
the subroutine name as described below. = ‘ |
To be specific, let uS consider the subroutine FNHTR,’which,mode1s
the closed feedwater hea;er according to Section 3.8. By referring to
the listing of subroutine FWHTR in Appendix A, we see that the sub-
routine declaration statement is
SUBROUTINE FWHTR(PLIN,TLIN,WLIN,PSIN,PLOUT,TTD, PRIN
QRIN,UYRIN,
QSIN,TSIN,

HLIN,WSIN,HSIN,WLOUT ,HLCUT,TLOUT,TRIN,HRIN,TSOUT,
HSOUT HSOUT,QSOUT)

NN <X

where the fo]10w1ng input/output convention is adopted. The parameters
;which are always input to the subroutine are those on the first line or
~ those on_a line on which an "X" appears in the card continuation column
(colum 6). The parameters which are sometimes input and/or sometimes
 output are those which appear on cards’with a "Y" in the card continuation
. colum. Finally, the parameters which are always output are Jocated on
. cards with a "Z" in thé continuation column. This convention greatly
facilitates the use of these subroutines.

The gasifier and combustor component subroutines have been subdivided
to.make them more manageable since the models were quite lengthy. In

particular, the system of equations for each model are contained in the
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auxiliary subroutine called SYSTEM with the equations practicaﬁﬁy in the
same form in which we wrote them in Section 3.2' The multi-dimensional
Newton-Raphson iteration procedure described in Section 3.2.2 to obtain
a solution to these non-linear algebraic governing equations is programmed
in auxiliary subroutine NEWTON. These two subroutines along with all the
‘other auxiliary subroutines are discussed in Section 4.6.

| The"cohponent subroutines are summarized in Table 4.4-1, The component
subroutine Tistings in Appendix A should be consulted to determine the
input and output parametérs. Also for convenience, comment cards after the
subroutine statement in the listing indicate what the subroutine calculates.
The correlation between the Fortran variables and those in'the‘mode1 deQe]-

opments in Chapter 3 should be hade rather easily. o
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Table 4.4-1
Summary of Component Subroutines

For Model Description

Componeht Model | Subroutine Mame Refer to Section
Gasifier - ' GSFR 3.2.1.1
Combustor CHBSTR 3.2.1.2
Waste Heat Boiler WHBOIL 3.3
Supercharged Boiler SCBOIL 3.4
Air Compressor - ATRCOM 3.5
Gas Compressor GASCOM | 3.5
Condenser ' CNDSR : 3.6
Deaerator - \ DATOR 3.7
C1osed.Feedwater Heater » FWHTR 3.8
Gas Cooler : GASCLR . 3.9
Gas Turbine GASTUR 3.10
Gas-to-Gas Counterflow HXCGG 3.
Heat Exchanger
Steam;Generator | STMGEN 3.12
Steam Turbine STURB 3.13
Gas C'Ieanub ~ SULREM 3.14
Gas Throttle Valve © THRGAS 3.15.1
Steam Throttle Valve THRSTHM 3.15.2

3.16

Hater Pump PUMPY
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4.5 Property Subprograms

. The property subprograms take the form of_Fortraq functions. Further-
more, we may divide the property routines into two broad classes: thdse
aésociated with the gas tables and those with the steam tabﬁes.,‘Most of
the gas table property subprograms were developed by OSterle';nd Impink17
for use in their work for the Pennsylvania Science and Engineering Founda-
tion (see Section 2.4). They elected to curve fit the. properties using

a least squares method. Hhen the need arose in the present work for
additional properties (1ike the Gibbs free energy of formation) or the

same properties for new species (1ike the enthalpy and entropy for COS,
NH3, and so forth), it was decided to use a table form for the property
routines with linear interpolation. This approach saved a significant
amount of time in programming the new properties. Arbitrary accuracy

may be achieved by including more data in the tables.

In this section, we shall include only those routines which are the
basic property subprograms. For example, it was convenient to write some
auxiliary subroutines like TGASS which calculates the temperature of the
gas using the gas composifion, pressuré,'and molar entropy to define the

state. Somewhat arbitrarily, we shall refer to this type of subroutine

as an auxiliary subprogram, to be discussed in Section 4.6.

4.5.1 Gas Table Properfy Subprograms

By referring to Tables 3.2-2, 3.2-3, 3.2-5, and 3.246, we see that
we need to consider the thermodynamic.properties of twenty gaseous species
and, although not a gas, the enthalpy of solid carbon.” ‘e need the

-standard Gibbs free energy change of formation, the molar enthalpy, and
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the molar entropy fdr each of these gaseous species. Some of the properties.
like the Gibbs free erergy of formations may, in fact, be zero, ,In,additien,
we shall need the equi]ibrium constant K, for the reaction 1/2 Np + ]/2 0,

% NO for reasons wh1ch w111 become apparent in Sect1on 4, 6 '

A1l of the entha1p1es are assumed to be functions of the gas temperature
only, consistent with the ideal gas assumption, except for carbon dioxide
(COy), methane (CH,), and water vapor (H,0) for which the pressure effect
is included. The entropy, of course, is a function of both the temperature
and pressure, even for an ideal: gas The enthalpy of a species.in reaction
may be cons1dered to be composed of three terms: the enthalpy of formation
at some reference temperature m1nus the sensible entha1py at the same
reference temperature plus the sens1b1e enthalpy at the temperature of
interest. The reference temperature is taken to be absolute zero. Each
of the above terms may be taken directly from the JANAF2! tables, mhich_
uses the usual convention forlenthalpy of formation; namely, the enthe}py
of formatipn for An elemental gaseous éompound (Hz,hoz, and sp forth) is
zero. The entropy and standard Gibbs free energies of formation are also
taken directly from the JANAF tables. The pressure correction on entropy
amounts to subtracting the product of the universal gas constart -and the
natural -logarithm of the part1a1 pressure (ps1a) of-.the species under
consideration, which 1mp11es an arb1trary reference pressure of 1 psia,

The gas table property subprograms are also 11sted in Append1x A,

The JANAF2! tables have been used for aii the properties‘eXCept for

the enthalpy of the CO,, CH,, and H,0 vapor, mentioned above. For these

species, the steam tables and various thermodynamic charts have been used



in order to include the pressure effect. Before listing the purpose, the

calling sequence, and the limitations for each routine, let us establish

the fbi]owing notation:

Symbol  FORTRAN Symbol

a6¢

_

4.5.1.1 Hydrogen (H;)

‘Function HHZ

Purpose:

Form:

Restrictions:

Function: SH2

Purpose:

Form:

Restrictions:

DG

KPNO -

Meanihg (Units)

Standérd Gibbs free energy of
formation (Btu/lbmole)

Molar enthalpy (Btu/lbmole) .

© Molar-entropy (Btu/1bmole-°R)

Pressure (psia)

Partial pressure (psia) of

species i

‘-femperatdre (°F)

,Camputes the enthalpy of'hydrogen a

temperature; h = f(T)
H = HH2(T) |

Ideal gas

Equi1ibrium'con$tant of‘NO
~formation reaction -

s a function of

Computes the entropy of hydrogen as a function of

S = SH2(T, PH2)

Ideal gas

sz >0
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4.5.1.2 Methane (CH,)

Function HCH4 .

. ;’Purpoée:

Form:

Restrictions:

Function SCH4

Purpose:

Form:

Restrictions:

Function DGCH4

Purpose:

Form:’

Restrictions:

Computes the enthalpy of methane as a function of
temperature and pressure; h = f(T’pCHu)

H = HCH4(T,PCH4)

Limited to vapor region

Computes: the entropy of methane as a function of

- temperature and pressure; § = f(T,pCH“)

S= SCH4(T,PCH4)

Limited to vapor reg1on
Pey >0
CHy

Computes the standard Gibbs free energy change of
formation for methane as a funct1on of temperature;
86 = f(T) -

DG = DGCH4(T)

Ideal gas

80 < T < 5300

4.5.1.3 Water Vapor (H,0)

"Function HH20

Purpose:

Form:

Restrictions:

Computes the enthalpy of water vapor as a function
of temperature and pressure; h = f(T,szo)

H = HH20(T,PH20)

Limited to vapor region
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Function SH20

Purpose:

Form:

Restrictions:

-Function DGH20

Purpose;

Form:

Restrictions:

4.5.1.4 Carbon Monoxide

Function HCO

Purpose:

Form:

Restrictions:

Fuhction SCO

Purpose:

Form:

Restrictions:

Computes the entropy of water vapor as a- function
of temperature and pressure 3 f(T,pHZO)

S= SHZO(T PHZO)

Limited to vapor region
Puy0 >0

Computes the standard Gibbs free energy change of

formation for water vapor as a function of temper-

ature; AG; = f(T)
DG = DGH20(T) .

Ideal gas
80 < T < 5300
(c0)

’““Computes the enthalpy of carbon monoxide as a

function of temperature h = f(T)
= HCO(T)
Ideal gas

Computes the entropy of carbon monox1de as a
function of temperature and pressure; § =
f(Tspcq)

= $C0(T,PCO)

Ideal gas
pC0 >0



_ Functidn DGCO

. .Purpose: .

Form:

Restrictions:

4.5.1.5 MNitrogen (N5)

Function HN2

Pufpose:

Form:

Restrictions:

Function SN2

" Purpose:- .

" Form:

Restrictions:

4.5.1.6 Oxygen (0,)
Function HOQ2

Purpose:

Form:

Restrictions:

- Computes the. standard Gibbs free energy change of

formation for carbon monoxide as a function of
temperature; AG; = f(T)

DG = DGCO(T)

Ideal gas
80 < T <5300

AComputes'the gnthélby:of hitrogen as a function of

temperature; h = f(T)
H = HN2(T)
Ideal gas

Computes the entropy of nitrogen as a function of
temperature and pressure; § = f(T,sz)

S = SN2(T,PN2)

Ideal gas
Py, > 0
2

. e : / =
- Computes the enthalpy -of oxygen as a function of

temperature; h = f(T) :
H = HO2(T)

Ideal gas
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Function S02

_.Purpose:

Form:

Restrictions:

4.5.1.7 Argon (Ar)
Function HAR

Purpose:

Form:

Restrictipns:

.Function SAR

Purpose:

Form:

Restrictions:

Computes the entropy of oxygen as a function of
temperature and pressure;'s = f(T,poz)

s = s02(T)

Ideal gas
po >0
2 .

Computes the enthalpy of argon as avfuhct{on’of

temperature; h = f(T)

H = HAR(T)
Ideal gas

Computes the entropy of argon as a function of
temperatue and pressure; § = f(T'pAr)-

S = SAR(T,PAR)

Idea]Agas
Par > 0

4.5.1.8 Carbon Dioxide (CO0,)

Function HCO2

Purpose:

Form:

Restrictions:

Computes the enthalpy of carbon dioxide as a
function of temperature and pressure;
F: f(T'pCOZ) ) L 3 '

H = HCO2(T,PC02)

Limited to vapor region
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Function SC02

~ Purpose:

Form:

Restrictions:

Function DGCO2

- Purpose:

Form:

Restrictions:

Computes the entropy of carbon dioxide as a
function of temperature and pressure;

S = f(T:pcoz)
S = SC02(T,PCO2)

Limited to vapor region
P >0 4
€0,

Computes the standard Gibbs free energy change
of formation of carbon dioxide as a funct1on of
temperature; 4Gg - = £(T) :

DG = DGCO2(T)

Ideal gas
80 < T < 5300

4.5.1.9 Hydrogen Sulfide (H,S)

Function HH2S

Purpose:

Form:

Restrictions:

Function SH2S

. Purpose:

- Form:

Restrictions:

Computes tha enthalpy of hydrogen sulfide as a

function of temperature; = f(T)

H = HH2S(T)
Ideal gas

Computes. the entropy of hydrogen sulfide as a
funct1on of temperature and pressure;

S = SHZS(T,PHZS) '

Ideal gas
Ph,s > O



Function DGH2S

Purpose: -

Form:

Restrictions:

' Computes the standard Gibbs free energy changes of

formation for hydrogen sulfide as a function of
temperature; AGf = f(T)

DG = DGH2S(T)

Ideal Gas
80 < T <5300

4.5.1.10 Carbonyl Sulfide (COS)

Function HCOS

Pufpbse;

Form:

Restrictions:

Function SCOS

Purpose:

Form:

Restrictions:

'Function DGCOS

Purpose:

Form:

Restrictions:

5= f(T

Compufes the enthalpy of carbonyl sulfide as a
function of temperature; h = f(T)

H = HCOS(T)

Ideal gas.
80 < T < 5300

Computes the entropy of cafbonyl sulfide. as, a
function of temperature and pressure;

+Peos) ‘ | |

S = SCOS(T,PCOS)

Ideal gas
80 < T < 5300; Pcos > 0

Computes the standard Gibbs free energy chanée
of formation for carbonyl sulfide as a function
of temperature; AG% = £(T) 4 : :

N

DG = DGCOS(T)

Ideal gas
80 < T < 5300



4.5.1.11 Nitric Oxide (NO)

Function HNO

Purpose:

Form:

,'Restrictions:

Function SNO

' Purpose:

Form:

Restrictions:

Function DGNO

Purpose:

Form:

Restrictions:

Function AKPMO

Purpose:

- Form:

Restrictions:

Computes the enthalpy of nitric ox1de as a function
of temperature; h = f(T)

H = HNO(T)

| Ideal gas ‘ e

Computes the entropy of nitric ox1de as a function
of temperature and pressure, 5= f(T,pNO)

S = SNO(T PNO)

Ideal gas
Pno > 0

Computes the standard Gibbs free energyuchange
of formation for nitric oxide as a function of
temperature; AG° = f(T)

DG = DGNO(T)

Ideal gas

- 80 < T < 5300

Computes the equilibrium constant of the NO

formation reaction 1/2 Ny + 1/2 0, -~ NO as a

function of temperature; KP - = f%T) oL
NO

" KPNO = AKPNO(T)’

Ideal gas
-280 < T < 5300

4-18



4.5.1.12 Hydroxyl (OH)

Function HOH‘ ' _ A 4 ' 1s”

Purpose: - : Computes the enthalpy of hydroxy] as . a function of
temperature; h.= f(T):

Form: H = HOH(T)

Restrictions: Ideal gas
.~ . =280 < T < 5300

Funetion SOH

Purposé:: . Computes the'entropy of hydroxyl as a function of
R . temperature and pressure 3 = f(T,pOH)

Form: S = SOH(T)

Restrictions: Idea]
-280 < T < 5300; Pey > O

" Function DGOH

Purpose: : P Computes- the standard Gibbs free energy change of
formation for hydroxyl as a function of temper-
ature; AGZ = f(T)

Form: DG = DGOH(T) '

Restrictions: Ideal gas
80 < T < 5300

4.5.1.13 Monatomic Hydrogen (H)

i

Function HH . R

Purpose: Computes the enthalpy of.monatomic hydrogen as a
function of temperature h o= £(T) :

Form: H = HH(T)

Restrictions: Ideal gas
-280 < T < 5300



Function §H

Purpose:

Form:

Restrictions:

Function DGH

Purpose:

Form: -

~ Restrictions:

Computes the entropy of monatomic hydrogen as a
function of temperature :and pressure; § = f(T,pH)

S = SH(T,PH)

Ideal gas
-280 < T < 5300; Py > 0

Computes the standard Gibbs free enekgy éhange of
formation for monatomic hydrogen as a function of
temperature; AG; = f(T) ' ' :

DG = DGH(T)

Ideal gas
80 < T < 5300

4.5.1.14 Monatomic Oxygen (0)

Function HO

Purpose:

Form:

Restrictions:

Function SO

Purpose:

Form:

Restrictions:

Computes the enthalpy of monatomic oxygen as a
function of temperature; h .= f(T)

H = HO(T)

Ideal gas

-280 < T < 5300

Computes the entropy of monatomic oxygen as a
function of temperature and pressure; § = f(T,pO)

S = s0(T,P0)

Ideal gas
-280 < T < 5300; Py > 0
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Function DGO

Purpose:

Form:

Restrictions:

4.5.1.15 Ammonia (NHj3)

Function HNH3

Purpose:

Form:

Restrictions:

Funciion SNH3 -

Purpose:

Form:

Restrictions:

Function bGNH3

Purpose:

Form:

Restrictions:

Computes the standard Gibbs' free energy change'of
formation for-monatomic oxygen as a function of
temperature; aGg = (T)

= DGO(T)

Ideal- gas.
80 < T < 5300

Computes the enthalpy of ammonia as a function of
temperature; h = f(T)

H= HNH3(T)

Ideal gas
-280 < T < 5300

Computes the entropy of ammonia as a function of
temperature and pressure; s = f(T’pNH3)

S = SNH3(T,PNH3)

Ideal gas . o
-280 < T < 5300; pNH3 >0

Computes th5'§téndard Gibbs. free energy change of
formation for ammonia as a funct1on of temperature,'
263 = (T)

DG = DGNH3(T)

Ideal gas .
-280 < T < 5300; pNH3 >0
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4.5.1.16 Nitrogen Dioxide (NO;)

Function HNO2 . .°

Purpose:

Form:

Restrictions:

Function SNO2

Purpose:

Form:

Restrictions:

Function DGNO2

Purpose:

Form:

Restrictions:

@

Computes the enthalpy of nitrogen dioxide as a
function of temperature h=f{T) -

H = HNO2(T)

Ideal gas

Computes the entropy of nitrogen d1oxide'as a
function of temperature and pressure;

S = f(T’pNO )
S = SNO2(T,PNO2) -

Ideal gas-
Pyo, > ©

Computes the standard Gibbs free energy change of
formation for nitrogen dioxide as a function of

temperature; aGg = f(T)

DG = DGNO2(T) -

Ideal gas
-280 < T < 5300

4,.5.1.17 Sulfur Monoxide (SO)

Function HSO

Purposef

Form:

Restrictions:

Computes the enthalpy of sulfur monoxide as a
function of temperature; h = £(T)

= HSO(T)

Ideal gas
-280 < T < 5300
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Function SSO

Purpose:

CFE

Form:

Restrictions:

Function DGSO

Purpose:

Form:

Restrictions:

4.5.1.18 Sulfur Dioxide

‘Function HS02"

Purpose:

Form:

Restrictions:

Function SS02

Purpose: .

Form:

Restrictions:

T=f(T

.- Computes the entropy of sulfur monioxide ‘as a

function of temperature and pressure; -

'S = §50(T,PS0)

Ideal gas - |
-280 < T < 53003 pgy >0

Computes the standard Gibbs free energy change
-of formation for sulfur monoxide as a function

of temperature;,AG; = f(T)
DG = DGSO(T)

Ideal gas ;
-280 <T«< §300; p

507 0
(s0,)

Computes the enthalpy of sulfur dioxide as a
function of temperature; b = f(T) -

H = HS02(T)

Ideal gas

Computes the entropy of sulfur dioxide as a
function of temperature and pressure;

Psg,)
S = $502(T,P502)

Ideal gas

Pso, > 0
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Function DGS02

Purpose:

Form

Restrictions:

Computes the standard Gibbs free energy change of
formation for sulfur dioxide as a function of
temperature; AG° f(T)

DG = DGS02(T)

Ideal gas
-280 < T < 5300

4.5.1.19 Sulfur Trioxide (S03)

Function H$03

Purpose:

Form:

Restrictions:

Function SS03

Purpose:

Form:

Restrictions:

Function DGS03

Purpose:

Form:

Restrictions:

Computes the enthalpy of sulfur trioxide as a
function of temperature; h = f(T)

H = HS03(T)
Ideal gas

Computes the entropy of sulfur trioxide as a |

- function of temperature and pressure;

s = f(T.pgp,)

S = SS03(T)

Ideal gas
p503 >0

Computes the standard Gibbs free energy change
of formation for sulfur trioxide as a funct1on
of temperature; AG° = f(T)

DG = DGSO3(T)

Ideal gas
-280 < T < 5300; pSO >0
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4.5.1.20 Sulfur (S,)

Function -HS2,

Purpose: Computes the entha]py .of gaseous sulfur as a
function of temperature; h = f(T) -

Form: - H = HS2(T)

Restrictions: - Ideal gas

4.5.1.21 Carbon (C)

Function HC

"Purpése: Computes the enthalpy of pure solid carbon as

a function of temperature; h = f(T)
Form: H = HC(T)

- Restrictions: Solid carbon

4,5.2 Steam Tab]e‘Subpéograms

We saw in Chapter 3 that many of the compbhents utilize subcooled
water, saturated steam-watgr mixtures, of sdperheatéd.steém as the working
f]uia. We aiso saw thét we need the capability. to bbta?n juétAabout all
the thermodynamic properties in each of these th?ee fluid regions. For
this pﬁrpose, a proprietary set of'steam téb]es has been used‘which is
called by a master steam table subroutine FINDER. This subfoutine
returns all the other fhermodynamié properties given the pressufe and -
one other property as input. The Subroutiné has the following calling

sequence

CALL FINDER(P,K,T,H,Q,S,V,IPH)
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where P 1is presgure_(péiq); T, temperature (°F); H, specific enthalpy -
(Btu/1bm); Q, éua]ity (fraction); S, specific entropy (Btu/1bmeR); V,
specifié §o1ume (ft3/1bm); and IPH, the phase of the fluid according to
the convention established in Table 4.5-1. As we have aiready;ﬁentioned,
the pressure P is always one input. The second input depends on the
integer va]ué‘for,K, according to Table 4.5-2. A1l other properties. are
' Table 4.5-
Correlation between IPH and Fluid Condition
IPH Fluid Condition

.Subcooled Water
Saturation Region

. Superheated Steam
Supercritical Fluid

CPwhN —

Table 4.5-2

Correlation between K and Input Parameters
K Input Parameters
+] P,T
-1 - P,H
-2 S 1

0o . P,S

subsequently returned. ObVHOUSI&, when K = +1, the fluid state m;st be
superheated, subcooled, or supercritical, and when K = -2, fhé fluid ﬁuét
be saturated. .

| Zerc specific enthalpy and zero specific entropy-are assigned to the
saturated liquid states at the freez{ng.pbint of water (32.62;?). Note

that this reference state is different from that used in fhe gas table
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property routines where we used zero absolute temperature as the base.

The enthalpies with respect to the two bases are related by
h = 18.016 h - 118256.07 | - (4.591)

where h is the specific ‘enthalpy (Btu/1bm) from the steam tables using
subroutine FIMDER and h is the molar enthalpy (Btu/lbmole) from the gas

tables using function HH20. The entropies are similaf]y related by
T = 18.016(s + 0.5443) | . (4.5-2)

where s is the specific entropy (Btu/]bng) from the steam tables using
subroutine FINDER and § is the molar entropy (Btu/lbmole2R) from the gas
tables using the funétjon SH20. VYhen using FINDER an& HH20 or SH20 in
the same calculation, we must use Equations (4.5-1) and/or (4.5-2) to

ensure consistency in our calculations.

4.6 Auxiliary Subprograms

The auxiliary subprograms perform a wide range of duties. These
particular subprograms do not fit into the other four main cafegories of
subprograms which we have discussed thus far. Again each subprogram is

listed in Appendix A.

4.6.1 Subroutine ATERP
This subrout1ne performs a modified linear interpolation based on

the equat1on for a stra1ght 11ne

y=mz+b ' (4.6-1)

4-27-



- where z is the abscissa, m the s]ope; b the y-intercept, and y the ordinate.

The real dependent variab]é, however, is x which related to 2 by

N|—
L]

X = (4.6-2)

This type of interpolation is appropriate when one tries to determine the

eduilibrium constant K, for a temperature T betwsen two temperatures in a

P
table, since a plot of anp versus 1/T is linear over a wide range of tem-

peratures. The calling sequence is
CALL ATERP(X,Y,M,XX,YY)

where X is the array of abscissa values,
Y is the corresponding array of ordinate values,
M is the number of (X,Y) pairs (M<50),
XX is the abscissa of interest, and
YY is the interpolated ordinate corresponding to XX.

If XX is less than X(1) or if XX is greater than X(M), appropriate error

-

messages are printed out.

4.6.2 Block Data BLDATA

| This non-executable subprogram provides a convenient location for
stdring data which are transferred to other subprograms via COMMOM blocks.
The primary types of data which are stored here are default vaiues for
variables in namelist $ﬁﬁ§TE33 molecular weights of various species in
the coal and in various gaseoﬁgimixtures, higher and lower heating values

. of combustible species in the coal and power gas, and other constants.
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We shall summarize the numerical values used for some of these parameters .
by Qéy of Tab]e 4.6-1 to Table 4.6-8. For the default values of the -
variables in namelist $MASTER, Appendix B.2 should be consulted, where
the meaning of each variable is also given.

From Chapter 3, it became apparent that the molecular weights of the
~ various species in the coal (before and after application of the Dulong
approximation) and in the various gaseous mixtures (air, power gas, and
produéts of combustion) must be specified. The variables WTe(1), whére
I=1 to 6, are the molecular weights of the C, H, 0, N, S, and H,0
(1iquid) in the coal. The numerical values used are Summarized in

Table 4.6-1. Note that the need for the molecular weight of the ash

Table 4.6-1
Molecular Weights of Species in Coal
(Before Dulong Approximation)

" Molecular Weight

I Species WTC(I)
1 C(s) . 12.011
2 H 1.008
3 0 16.000
4 N 14.006
5 S 32.064
6  H0(2) 18.016

in the coal never arose and, fortunately, no value for this needs to be.
specified. After application of the Dulong approximation, the species
become C, Hy, H0 (vapor), Ny, S,, and H,0 (liquid), for which the
molecular weights -are assigned the values shown in Table 4.6-2.1in the

array WICD(I), for.i=1 to 6. Again, the molecular weight of the ash
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is noﬁ.needed.v The molecular weights of. the species in the air which we
assumed to be cpmposgd“of N2, Oz, Ar, and:HZO(g), are assigned to the
variable WTA(I), for I=1 to 4, and are shown in Table 4.6-3. For complete-
ness, we assign the molecular weight of stgam to WTS, where UTS = 18.016,

since we also have steam entering the gasifier.

Table 4.6-2
Molecular Heights of Species in Coal -
" (After Dulong Approximation)

Molecular Hé%ght

I Species WTCD(I)
1 Cs) 12.011
2 Hy ™ - 2.016
"3 H,0(g) 18.016
4 Np 28.013
5. S, 64.128
6 H,0(L2) 18.016
e Table 4.6-3

Molecular Weights of Species in Air

Molecular Weight

I Species WTA(I)

1 Np: 28.013

2 0, 32.000
3 Ar 39.948
4 H,0(g ) 18.016

In the gasifier model in Chapter 3, we assumed the presence of ten
gaseous species in the power gaé which was formed. Thefmo]ecu]ar weight

of each of these species is sgmmérized in Table 4.6-4, where the variable
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* name WTGF(I), I=1 to 10, is used. Similarly in the combustor model we ©

‘assumed the presence of fifteen species, whose molecular weights which

Table 4.6-4
Mo1ecu1ar Weights of Species in Power Gas

Molecular We1ghts

I Species WTGF(I)
1 Hy - 2.016
2 co - 28.010
3 CHy, - 16.082
4 . H0(g) 18.016
5 co, ’ 44,010
6 N, 28.016
7 Ar 39.950
8 HaS 34,080
9 c0s 60.075
10 NH3 17.031

we denote by WTCM(I), I=1 to 15, are summarized in Table 4.6-5. Finally
it is convenient to combine the nineteen species in Tables 4.6-4 and 4.6-5
Table 4.6-5
Molecular Weights of Species in Combustor Product Gas

Molecular Heights

I Species wTCM(I)
1 0, - 44.010
2 H,0(g) 18.016
3 N, 28.016
4 0, 32.000
5 Ar 39.950
6 NO 30.008
7 co . 28,010
8 H 1.008
.9 0 - 16.000
10 OH . 17.008
12 NO, : 46.008
13 S0 48,066
- 14 S0, 64.066
15 S0, 80.066
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into one array, with the molecular weights assigned to array WTGMIX(I),
I=1 to 19, as shown in Table 4.6-6. The subscript-species correlation
shown in Table 4.6-6 is used in all subprograms in whfch a gaseous mixture
is present except the gasifiér (GSFR) and combustor (CMBSTR) subroutines

and their associated auxiliary subroutines (SYSTEM and MEWTON).

Table 4.6~6 .
Molecular HWeights of Species in the
Generalized Gaseous Mixture

Yolecular lleight

I Species WTGMIX ()
1 Hy 2.016
2 CH, 16.042
3 H,0(g) 18.0156
4 €O 28.010
5 N, 28.016
6 0, 32.000
7 Ar 39.950
8 €0, 44.010
9 H,S 34.080
10 ¢0s 60.075
1M NO 30.008
12 OH ©17.008
13 H 1.008
4 0 . 16.000
15 NH, 17.031
16 NO, 46.008
17 S0 48.066
18 S0, 64.066
19 S0; 80.066

The species for. which we take credit for contributing to the. heating
value of the power gas are H,, CO, and CH, and in the coal C(s), H,, and
S,. We use the values shown in Tables 4.6-7 and 4.6-8 to compute effec-

tive heating values for the power gas and coal, respectively. Note the
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, Table 4.6-7
Heating Values of Combustible Species in Power Gas

Higher Heating Values Lower Heating Value

HHVG(1l) LHVG(I)
I Species. -  (Btu/lbmole) . (Btu/1bmole)
1 H, 122,97 104,040
2 co 121,750 121,750
3 - CHy 383,027 345,170
Table 4.6-8
Heating Values of Combustible Species in Coal
Higher Heating Value  Lower Heating Value -
. HHVC(T) . LRVC(T)
I Species . (Btu/1bm) (Btu/1bm)
1 C(s) 14,095 14,095
2 Ha 60,997 51,605
3 " S, 4,848.4 4,848.4

difference in units. The resulting effective heating values for the power
gas and coal are used only in the efficiency calculations which are
described in Section 4.6.6 and in the pollution calculation described in
Section 4.6.16. The actual calculation of the heating values for the
power gas takes place in subroutine GSFR and for the coal in subroutine
DULONG, which is described in Section 4.6.3.

We complete the description of the data stored in BLOCK DATA by
assigning the universal gas constant the value 1.987 Btu/1bmole2R, the
difference between the Rankine and Fahrenheit temperatures the value
460 (°R), and atmospheric pressure the value 14.696 nsia. The data

sorted in BLOCK DATA is used throughout the computer program.
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4.6.3 Subroutine DULONG

The purpose of subroutine DULONG is two-fold: to obtain the coal

combosition for the purpose of enthalpy determination using the Dulong

approximation described in Section 3.2 and to then compute fhe higher and

lower heating values of the coal based on this approximation.: Using the

assumptions and nomenclature of Section 3.2.1, the relevant equations

for the weight fractions of C(s), Hz, Hy0(g), Ny, Sy, H,0(£), and. ash in

the coal are the following.

“d1 © Yy
W L) "v—dz'w
d2 ce Ve3 c3
Vd2

w W,oat—uw
d3 ;3 Ve3 c3

“dg = Ycq
“gs ~ Yes
Y6 ~ Yc6
W7 ° Y7

(4.6-1).

‘(4.6-2)

' (4.6-3)

(4.6-4)

(4. 5-5) ’

(4.6-6)

(4.6-7)

Using these adjusted weight fraction compositions, the higher and lover

heating values are easily calculated with the help of the values in

Table 4.6-8. For completeness, the effective molecular weighthva

the ash free coal is also calculated here using
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The calling sequence is

CALL DULONG(NFC
"WFCD,LVCOAL, HVCOAL ,WTAFC) -

IRz

where WFC(I) corresponds to Wei above, WFCD(I). to Wy 0 and WTAFC to Vafer
LVCOAL and HVCOAL are the calculated lower and higher heating values

(But/1bm of coal) of the coal, respectively.

4.6.4 Subroutine DUMCMB .
N Subroutine DUMCMB is a dummy subroutine which sihp]y takes the 3
values of the parameters in the argument list of subroutihe CMBSTR and
puts them into a common block (labeled CMBST1) for use ih subroutine
SYSTEM. The reason for this rather strange maneuver is to facilitate
the use of the component subrbutines by using parameter lists to transfer
-data Between two subprograms. However,in SYSTEM it is more convenient
to use 1§be1éd common. It is not permissible in FORTRAN to have the -
same variable in both a parameter list and common block in the same

subroutine.
4.6.5 Subroutine DUMGAS

Like subroutine DUMCMB, subroutine DUMGAS is also a dummy subroutine.

The values in the argument list of subroutiné»GSFR are put into common
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blocks (labeled GASFY1 and GASFY2). The reason for doing this is similar

to that given for subroutine DUMCMB.

4.6.6 Subroutine EFFICY

. It is appropriate here to define the four kinds of efficiencies which
we shall use to assess the.cyc1e performance in Chapter 5. The first
efficiency which we define is the gasification efficiency. As the néme
suggests, we define this to be the ratio of the hegting value of the power
gas to the sum of the heating value of the coal and the heat added-to the
gasifier, all in consistent units, of course. The steam cycle efficiency
is defined as the ratio of the net work output from the steam cycle to
the heat input to the steam cyc]é. This is the only efficiency which
does not depend on whether the higher or lower heating values are used.
We define the combined cycle efficiency as the ratio of the net work
output for the entire system to the heating value of the power gas.
Finally, we define the coal-pi1e-to-bus;bar or station efficiency as
the product of the combined cycle and gasification efficiencies reduced
by a specified‘percentage because of station requirements for power,
such as 1ight1ng, heating, and so forth. With the exception of steam
cycle efficiency, the use of higher or lower heating values gives dif-
ferent results. As we shall see in Chapter 5, we shall consistently
and somewhat arbitrarily use the station efficiency based on lower

heating values to assess the performance of each cycle.
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4.6.7 Subroutine HGAS2

This simple subroutine calculates.the molar enthalpy of a Qas specified
to have a certain pressure (psia), temperature (°F), and composition (mole
fraction). The species assumed to be present (with correspoﬁding subscripts)
are those shown in Table 4.6-6. The mole fraction composition MFG(I) for
I=1 to 19, of the gaseous mixture along with the pressure P and temperature

T are used in the call statement

CALL HGAS2(P,T,MFG,HG)

to obtain the molar gntha]py HG(Btu/1bmole) of the gaseous mixture. As
mentioned before, pressure effects on enthalpy are included only for CH;,
H20, and C0;. A1l remaining species are assumed to behave 1ike ideal gases,
for which the enthalpy is a function of temperature on1y. The molar
enthalpy of each individual species, of course, is provided by the appro-

priate property subprograms described in Section 4.5.

4.6.8 Subroutine SGAS2

" Like HGASZ, éubroutine SGAS2 calculates another important'property
of a gaseous mixture given its pressure (psia), temperature (°F), and
composition (mole fraction). This property is the molar entropy (Btu/

1bmoleSR) which we represent by SG. The calling sequence becomes

CALL SGAS2(P,T,MFG,SG)

where P, T, and MFG have the same meaning as in subroutine HGAS2. It

should be recalled that the entropy, even for an ideal gas, is a function
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of pressure. The molar entropy of each individual species is provided by

the appropriate property subprograms described in Section 4.5.

4.6.9 Subroutine INVDET

Subroutine INVDET22 provides the matrix inversion required by the
.multi-dimensional Newton-Raphson iteration to obtain a solution to the
gasifier and combustor models. MNumerical round-off error is reduced by

_ maximizing the piyito] elements in the algorithm.

© 4,6.10 Subroutine MAIﬁ

Subroutine MAIR takes the air composition on a four-component weight
fraction basi's and converts it to a composition on a four—;omponent mole
fraction basis, and compositions on nineteen-component mole and weight
fraction bases. In addition, the molecular weight of the air is calculated.
This enables the air to be treated as a special gas for which we may use
the other auxiliary subprograms like HGAS2 which facilitate the calcula-
tions. Table 3.2-2 and Table 4.6-6 must be used to establish the
correlation between species and subscript designations for the four- and

nineteen-component compositions respectively.

4.6.11 Subroutine MGASI

Subroutine MGAS1 takes the gasifier power gas composifion on tne:
ten;toﬁponent mole fraction basis as define& by Table .3.2-3 and converts
it to mole and weight fraction compositions on the nineteen-component
basis defined in Table 4.6-6. In addition, the molecular weight of the

power gas‘is calculated.
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4.6.12 Subroutine MGAS2

Subroutine MGASZ takes the fifteen-component combustor product gas
composition as ‘defined by Table 3.2-6«end converts it to the nineteen-
component ‘composition as defined by Table 4.6-6 by mole ‘and weight

fractions.  The molecular weight of the product gas is elso calculated.”

4.6.13 Subroutine MGAS3 -
Subroutine MGAS3 simply converts the gas composition by mole fraction’

on the nineteen-component basis as defined by Table 4.6-6 to one by weight

fraction on the same basis. The molecular weight of the gas is also

calculated.

4.6.14 Subroutine NEWTON

- Subroutine NEWTON performe the multi-dimensional Newton-Raphson
iterations on the two systems of equations which describe the gasifier
and combustor. The initial guess for the solution vector was chosen to -
minimize the number of iterations~required to obtain-a solution and is,
~in fact, the solution to a representative case. The mathematics of
this iteration scheme are described in Section 3.2:2 and is not repeated
- here. The implementation of this scheme on the computer is rather
tedious but straightforward. Mole fractions are generally calculated

to fifth-place accuracy.

4.6.15 Subroutine SYSTEM .
Subroutine SYSTEM contains the equations which we developed in

Sections 3.2.1.1 and 3.2.1.2 for the gasifier and combustor models,
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respectively. Each of tne governing equations in these sections was
written so that zero appeared on one side and all the other terms on the
other. Except for this trivial modification, the equations which are stored
in SYSTEM are practically identical in form to the ones written in Sections

3.2.1.1 and 3.2.1.2.

4.6.16 Subrout1ne POLUTE

In subrout1ne POLUTE, we compute the amount of n1tr1c oxides NO and
sulfur oxides SOx‘that go up the power p]ant stack and into the atmosphere.
The subroutine'requires as .input the compositfon of the stack gas (by
mole fract1on My and weight fract1on wj }, the mass flow w \ 89 of the stack
gas (per 1bm of coal), the higher heating value of the coal Hyye and the
"freeze temperature" T for the NO produc1ng reactlon We shall calculate
the amount of pollutants in units of pounds of NO (or SO ) per m1111on
Btu of heat input The higher heating value of the fuel is used for the
heat input based on federal regulations.

The NO producing reaction 1/2 N, + 1/2 0, ¥ NO appears to slow down
significantly in the reverse direction when the temperature is below :
about 2400°F.2? Consequently, we shall calculate two values for the

amount of NOx pollution: NO assuming equilibrium at the combustor

Equil
outlet temperature and NoFreeze assuming the NO producing reaction
"freezes" at T. Rather than doing a full-blown equilibrium calculation
for temperature TF, we assume that tne mole fractions of Nz(uNz) and
Oz(uoz) will not change significantly for the two temperatures and

calculate the mole fraction of NO(uNO ) from
: Freeze
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T e TR

2 KyYu .

No P N, M0,

Freeze

which is the equ111br1um equation for 1/2 N, +1/2 0, I NO with equ111br1um
constant KP’ to be evaluated at temperature TF Funct1op AKPNQ, of course,
is used to get KP at TF' We shall see in Chapter 5 that,the'mole fraction
of NO(uNO) is practically numerically equal to the weight frection of

NO(mNO), so it is reasonable to assume that

“No.,. ¥ ¥NO

Freeze Freeze

We have two weight fractions for NO: @y from the original stack gas
composition and Wng - from the NO producing reaction frozen at TF.

Freeze '
The expression for NOEqui] is given by

For NOFreeze’ we neglect the contr1but1on by NOZ, since it turns out to

be much smailer than that due to NO, and get

*NO Ysg

Freeze
NO = 106
Freeze HHVC

Equil® is similarly calculated by

The amount of SOx produced, SO
6
10%(ugy + wgg, * ugg, MMsg

SO, :q =
Equil HHVC
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Freezing of thg.Sox“producing-reactions apparently- does nothocc0r5physical]y

and, therefore, is not modeled.

4.6.17 Subroutine TERP
This sgbroutine performs a linear interpolation based on the equétibn “

for a straight line

y=mx+b

where x is the abscissa, m the slope, b. the y-intercept, and y the ordinate.

The calling sequence is
CALL TERP(X,Y,M,XX,¥Y)

~where X is the array.of abscissa values, _

Y is the corresponding array of ordinates,

M is the number of (X,Y) pairs (M<50),

XX is the abscissa of interest, and

YY is the interpolated ordinate corresponding to XX

As in ATERP, appropriate-error messages are printed out if intekpb1ation

is attemped outside the domain of X values.

4,.6.18 Subroutine TGASH

Subroutine TGASH performs the inverse function of subroutine HGASZ.
It was frequently necessary in the component models to determine the gas
temperature TG(°F) given its pressure P (psia), molar enthalpy H (Btu/
1bmole), and gas composition MFG(I) on the nineteen component mole

fraction basis. Subroutine HGAS2 is used in a simple one-dimensional
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Newton-Raphson ‘iteration to accomplish this task. If convergence to a =
relative error of 10~5 does not occur in 15 iterations, an appropriate

error message is printed. The calling sequence is

CALL TGASH(P,H,MFG,TG)

where P, H, and MFG are inputs and the gas temperature TG is the output.

4.6.19 Subroutine TGASS '

Subroutine TGASS is completely analogous to subroutine TGASH. Now
the gas temperature TG(°F) is to be found given the .gas .pressure P (psia),
molar entropy S (Btu/1bm°R), and gas composition MFG(I) on the nineteen-
component mole fraction basis. Again a simple Newton-Raphson jteration
is used ahd an apﬁropriate error message is printed if convergence does

not occur in 15 iterations.. The calling sequence is

CALL TGASS(P,S,MFG,TG)

where P, S, and MFG are the inputs and the gas temperature TG is the.

output.
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CHAPTER 5
RESULTS

5.1 Introduction

In this chapter the computer program described in Chapter 4 is used to
obtain the results which are needed to fmprbve each basic 6onfiguration as
well as to perform some parametric studies. It should be emphasized that
the primary .objective is to improve the performanée of éach integrated
combined cycle within certain constraints. For.exahple, the designs must
meet federal gaseous emission criter%a Bn SO-x and NOx. Water and heat
rejection requirements will be inherently detérmined from these analyses.

In Section 5.2, reasonable values are assigned to all specifiable
cycle point parameters fof the systems shown 1nlﬁigures 2.3-1 to 2.3-4
followed by the calculation of the resulting station efficiency for each
of these four base cases.. The computer program,.of course, provides this
result as well as all other results to_fo116w. Theﬁ in Section 5.3, the
effect on station.efficiency.df adding regeﬁeratfvé feedwater heaters,
gas-to-gas regenerators, and intercooled Eompressors to each configuration
will be examined. As each effect is determinéh,'a‘gudggment will be made
as to whether that particular addition feﬁaiﬁs in -each cycle or not. Each
configuration will subsequently be optimized in Séctipn 5.4 by varying
certain key cycle point parameters withouf.éonsjderation of the pollution
criteria. Then in Section 5.5 each configuratfbnvkj]f be reviewed to
determ{ne if the designs meet the critefia.on gaseous effluents. Any of
the configurations which will require modifications will be re-optimized.
Following this, each optimized cbhfiguratjon will Be summarized in Section

5.6 by way of presenting new cycle schematiés and discussing the resulting
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water and hggt rejectipn requirementsf‘ Then in Section 5.7, a limited number
of parametric stuaies will be presented. Finally in Section 5.8, some of the
assum;tions that have been made during the course of these analyses will be
discussed. . |

wIt is'important‘to note that the computer program was not written to
provide an automatic optimization. The purpose of the ﬁrogfam is to perform
all the tédious calculations thﬁh are neteSsary to obtain the kind of results
to be pre;ented in this chapter. We shall sbonvsee'thﬁt a careful examina-
tion of the results printed in the cbmputer out?ut will enable us to make
'cerfain observations that may otherwise be pver1doked. This approach is also
helpful in tfying to e;plain some of the sometimes surpriéing'resuits to be
presented Shortly. :For obvious reasons it is not possible to include the
computer printout for every case which is aﬁa]yzed; rather, only resulfs
which-are genﬁaneAto the discussion at hand or possibly a subsequentvdiscus;

sion will be presented, usually in tabular form.

5.2 Specification of Parameters and Calculation of Base Case Station
Efficiencies

In Section 2.3 cycle component layoqts for each of the four'configurations
were deve]opgd, with the resulting cycle schematics shown in Figures 2.3-1
to 2.3-4, In this section it is now-necegsary'to assign values to each of
fhe specifiable parameters for these cycles. While this may seem somewhat
arbitrar&,.it is justified since many of these assigned values will be
varied Tgter during either the optimization or the parametric studies. The
goal. for.now is simply to obtain four bases cases, one for each configruation,

from which this study may bedin. Let us first restrict our attention to
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"~ Configuration 1, the case of an adiabatic gasifier integrated'with a'waste

3

heat combined cycle. For the other configurations, it will be necessary only
to indicate the pertinent changes from the input to Configuration 1.
First, let us fix the coal and air'compositions and the specific heat

of the ash. Table 5.2-1 gives the ultimate analysis of the coal, which is

Table 5.2-1
Ultimate Analysis of Coal
(Weight Fraction)

. Carbon 0.7304
Hydrogen 0.0528
Oxygen 0.0616
Nitrogen 0.0088
Sul fur 0.0264
Moisture 0.0300

Ash , 0.0900 .

assuhed to be Pennsylvania high volatile bituminous!?, the composition of
which has been adjusted for 3 percent moisture and 9 percent ash. Note
that the weight fraction of Liquid water is included in:the ultimate
analysis and recall that the Dulong approximation aséumed thdt all the
oxygen combines with the necessary hydrogen to form water vapon this
distinction is necessary when the entahlpy of the coal is 1ater determined
in the gasifier model. It shou]d be noted that the ash will 1eave the
gasifiertat an elevated temperature representing a sensible heat loss

and that most of the su]fur will be converted to hydrogen squideuof
which most is removed representfng a chemita] energy -loss. The air com-
position is given in Table 5.2-2. MNote that dry air is assumed for these
and all remaining calculations. Raznjevic2* gives the specific heat of

ash as 0.19 Btu/1bm-°F, and in the interest of being s1ightly conservative
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let us use 0.20 Btu/]bm-°F. The effect of coal composition on the cycle
performance of only Configuration 1 will be examined in Section 5.7 by
using three other types of coal.

Table 5.2-2

Composition of Air
(Weight Fraction)

o N 0.7546
: 0, 0.2319
. Ar 0:0135

H,0(g) 0.0000

_ Next, it is convenient to specify all the pressure-related data
',1nc1ud1ng any assumed pressure drops. The gasifier {s assumed to be.
operated at 11 atm, the combustor at 10 atm, the steam-side of the boiler
.at 1600 psia, and the condenser at 1.75 psfa (or approximately 3.5 inches

of mercury). Ambient pressure is taken to be 14.7 psia, The following

, . Pressure drops are assumed in the gas cycle portion: none through the

gasifier and combhstor. a 10 psi drop through the steam-side of thé steam
generator with a total of 0.7 ps{ through the gas-side, a 0.1 psi drop
through the gas cooler, and a 0.1 pst dfop through the gas cleanup system.
Note that there 1§'an implied pressure drop of more than 10 psi through
the gas throttle valve, representing additional conservatism in the
analysis. In the steam-cycle portion the fo11ow1nglbressure drops -are
assumed: 0.0362, 0.2569, and 0.3974 psi through the gas-side of the super-
heater, evaporator, and economizer séct1ons‘of;the boiler, respectively
~(see Appendix B), and 10,0, and 0.1 psi through the same sections on the
steam-side; -a .400 psi drop through the steam throttle valve; and none in
the condenser, .

. Now the temperature-related input is specified, Ambient conditions

are assumed for each air, coal, and water {inlet to the system, with
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-ambient temperatu}e taken to be 77°F. The.gasiffer is assumed to)oberate
at 2000°F with the same ash discharge temperature. Superheated steam is
assumed to enter the gasifier at!620°F} The gas is assumed to be cooled
td 200°F by the gas cooler. The combustor is assumed to operate at'2000°F,
the practical limit for a conventional land-based gas turbine. Superheated
steam at a temperature of 960°F is generated in the boiler with 7°F of
sub¢cooling assumed at the éVaporator inlet. The cooling water to the
condenser is at 70°F and is assumed to undergo a 5°F temperature rise.
Finally, the pinch point temperature differences within the steam generator
and boiler is specified to be greater than or equal to 40°F.

The various efficiencies may now be assigned representative values.
The fdl1owfng component efficiencies are assumed: 0.90 for the ‘air com-
‘pressors,‘0.75 for the pump serving the steam generator, 0.85 for the gas
turbing, 0.90 for the steam turbine, and 0.85 for the feedwater pump.
According to Section 3.14, the capability exists to remove H,S, C0S, CO,,
and NH; from the power gas. It is conservatively assumed that only 99
percent by weight of the H,S is removed; all the’remaining gas is eventda11y
burned in the combustor, since this would result in economical operation
of the gas cleanup system. This completés the input ‘specifications for
ConfigUr;tion T.

~In the other three configurations, the cycle point input is chosen
deliberately to be identical to that of Configuration 1 where possible.
This will enable us to make a more straightforward comparison of the
results for the four base cases. In Configurations 2 and 4, the -combustor

exit temperature is no longer assumed to be 2000°F; instead combustion
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with 10 percent excess air is required, since these configurations use a
supercharged boiler. It is also assumed for these two configurations that
the water which enters the evaporator section of the boiler is at least
7°F subcooled. Refer to Section 3.4 for a description of the subtle
distinction between the models for the two different types of boilers.

In Configurations 3 and 4, there is no air compressor serving the gasifier,
and so the corresponding input conditions are no longer relevant. All
other input for these configurations remains the same. One other point
should be made. In Configuration 3, the hedt source for the endothermic
gasifier is the combustor, and both of these components operate at 2000°F
which implies heat transfer through a zero temperature difference and an
infinite heat ‘transfer area. For now, let us accept this and reexamine
this issue after the optimization is completed.

Recall that in Section 4.6, for the description of subroutine EFFICY,
four different efficiencfes were defined: the station, the combined cyc]é,
the steam cycle, and the gasification efficiencies. In all of these, low
heating values will be used consistently. Furthermore, let us agree to
use the station efficiency to assess cycle performance. Included in this
will be an assumed 10 percent station load, which includes station auxil-
iaries, lighting, generation losses, and so forth. Table 5.2-3 summarizes

the resulting efficiencies for each configuration.

« Table 5.2-3
Summary of Efficiencies for Base Cases

Efficiency (%) of Configuration
1

_ , . 2 3 4

Station 34,57 29.87 38.63 32.72
Combined Cycle 44,36 38.34 45,48 38.52
Steam Cycle 35.02 35.02 35.02 35.02

Gasification 86.58 86.58 94.38 94.38
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By examining the station efficiencies, we noté1that the waste heat .
configurations perform better than those using a -supercharged boiler,
and that the configurations incorporating an endothermic gasifier perform
better.than those with an adiabatic'gasifier. To help explain these
trends, let us summarize from the computer output the flow, heat, and
work quantities for each configuration as well as other pertinent mis-
cellaneous -information as shown in Table 5.2-4. It should be noted at
" this point that all flows, heat, and work quantities are always given
with respect to a pound of coal. Furthermore, the lower heating value
of the coal described earlier is 12747 Btu (per -pound of coal). This -
provides a convenient reference value to which all work and heat quantities
may be compared. For example, we see that approximately 20 percent of
the heating value of the coal is thrown away in the gas: cooler for
Configurations 1 and 2, but only 5 percent for Configurations 3 and 4.
For completeness, .the lower heating values of the power gas are also
given in this table. These values are qualitatively consistent with

those obtained in Section 2.2, where coal gasification is. first discussed.

Table 5.2-4

Summary of Miscellaneous Results for Base Cases
‘ Configuration
1 2 3 4
Flows (1bm) |
Gasifier '
Coal , 1.000 1.000 1.000 1.000
Steam 0.022 0.022° 0.997 0.997
Air . '3.783 3.783 - --
Dirty Gas 4.715 4.715 1.907 1.907

Ash ' ' 0.090 0.090 0.090 0.090
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. Table 5.2-4 (Continued)

Flows (1bm) (continued)
Gas Cleanup '

Dirty Gas 4,715
" Water 0.285
Clean Gas 4,977
Waste 0.023
- Combustor
Fuel ' - 4.977 -
Air - 19.845
Products ‘ 24.822
Boiler -
Gas-side 24.822
Steam-side 3.920
Net Work (Btu)
Gas Cycle 3018
Steam Cycle 1873
Total : ‘ 4896
Low Heating Values
Coal (Btu/1ibm) 12747
Gas (Btu/SCF) : - 135
Heat Transfer -(Btu)
To Gasifier from Combustor 0
To Steam Cycle 5362
Gas Cycle Loss - 4367
From Steam Cycle 3484

| E;cess Air to Combustor (%) | ‘224
Combustor Exit Temp. (°F) = 2000
Stack Gas Temp. (°F) 324
Gas Coo]er Heat Loss (Btu) 2606

Minimum Temp. Differences (°F)
- Steam Generator 1380
Boiler 40
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4.715  1.907
0.285 0.179
4,977  2.061
0.023 0.025
4.977 2.061
6.732 23.764
11.709 25.825
11.709 25.825
5.649 4.258
1525 3432
2706 2039
4231 54N
12747 12747
135 288
0 504
7727 5823
3495 3402
5021 3784
10 140
3250 2000
263 319 -
2606 623
1380 733
140 40

.907
179

.061
.025

oN O -

- 2.061

10.887
12.948

12.948
5.568

1967

2667
4634

12747
- 288

. 5041

7615
3165 .
4948

10 .
3057
423

623

733
300



Let us first restrict our attention to Configurations 1 and 2. From
the flows given inyTab]e 5.2-4 it may be seen that these two configurations
basically differ in the amount of gas flow through the boilers.. The reason
for this, of course, is that the fuel is burned by desion with a large amount
of excess air for Conf1gurat1on 1 compared to the specif1ed 10 percent for
COnfiguration 2. The net effect of this and the larger amount of heat trans-
fer to the steam cjcie for the supercharged boiler cases'fs.to de-emphasize
the gas cycle. Recall from Sect1on 2.1 that an a1ternate express1on for

the comb1ned cyc]e eff1c1ency was given as
M ) - [Sz—;-&] ginz L - (2.1-10)
Actually calling Nec the combined cycle efficiency .1s a misnomer here since
it 1sfconven{ent to interpret Q; as the heating value of the coa1k not of
the gas, actually resu1t1ng'1n an effective station efficiency without the
usual 10 percent stat1on load 1nc1uded Note further that nz represents
the steam cyc]e efficiency and Q; the amount of heat transferred to the
steam cycle from the gas cyc]e The sum of QL and Qz must be less than Q,
in order to have work produced by the first cyc1e Tab1e 5. 2 -4 clearly
shows that the sum of Q‘e and Qz 1s higher for Conf1gurat1on 2 compared to
Configurat1on 1, while ny is 1dent1ca1 Note that Qz 1s 1ower for Config-
uration 2 but Qz 1s much h1gher. resulting 1n lower performance for
Configuration 2. The same 1ine of reason1ng app11es to the comparison
between Configurations- 3 and 4. lhen Configuration 3 is compared to
Conffgurat1on 1, 1t {s seen that the former 1slsuperjor primarily because
of the much lower gas cycle heat loss which more than‘makes up for the

higher-heat transfer to the steam cycle; In Configuration 4, both the
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heat loss and heat transfer to the steam cycie are iower than in Config-
uration 2 w1th both hav1ng the same steam cycle efficiency. Equation
(2.1-10) ciear]y shows that the efficiency of Configuration 4 should be
- greater than that of Cpnfiguration 2. When all the above considerations
are taken;into account, Configuration)3 should be ekpected to have the
best.performance and does.
Let us briefiy discuss some of the other efficienc1es shown in Table

5.2-3. Note that the gaSification eff1c1enc1es for the same ga51f1er type
are 1dentica1, and that those for the endothermic configurations are higher
“than those for the adiabatic. We must be cautious, however, and not read
too much into this. If the latent heat of véporization of the steam
required by the gasification process were inciuded in the denominator of
the definition of the gasification efficiency, then all such efficiencies
would have practically the same value. This is of no real concern since'(

the station efficiency is independent of the Qefinition of gasification
efficiency. the that the combined cycle efficiencies, as they have been
defined, are significantly higher than the station efficiencies, since
the later 1nciude ga51f1cation system 1osses and the assumed 10 percent
station load. Also, as has been a]ready noted, the steam cyc]e eff1c1ency
is 1dent1ca1 for all four configurations, since the steam cycle operatinq
conditions are identical. For completeness, let us define gas cycie
efficiency as the ratiolof-the net work produced by the gas CXC]e inciudinc
the gasification system to the heating value of the caseous fuel, in
consistent units of course. For Configurations 1 to 4 respectively,

these are 27.35, 13.83, 28.52, and 16.35 percent. It is seen that the



gas cycie in the configurations employing a supercharged boiler is definiteiy3
de-emphasized. The result, as we‘have seen, has been.poorer performance for
these éonfiguratidns. Clearly by ihcreasing the work produced in the gas |
cycle compared to that of the steam cycle, better performance can be -.. |

expected.

Let us verify that the minimum temperature differences within the'steam" .

generator and boilers are equai to or greater than the specified minimum
of 40°F. Table 5.2-4 shows that this condition is easily met in the s*eam
generator for each configuration This clearly shows that there is
sufficient sensible heat in the power gas to raise the required amount

of steam needed for the gasification‘process. Since endothermic gasifi-
vcation requires more steam, the minimum temperature difference is lower
for Cbnfigurations 3 and 4 conpared to Configurations 1 and 2. The
minimum temperature difference w1th1n the waste heat boilers of Config-
urations 1 and 3 is seen to be exactiy 40°F, but must be greater than

this in the supercharged boilers to ensure the presence of subcooled

water in the economizer section. In Figures 5.2-1 and 5.2-2, the T-Q
diagrams are shown for the boilers of Configurations 1 and 2, respectively.
These temperatures ara representative of each type of boiler. Note that
the heatltranster within each boiler section is also given'on each figure.
Note also the locations of the pinch points. In Chapter 3 it was claimed
that the pinch point for the supercharged boiler must occur between the
economizer and stack. This is indeed the case here. Finally note the
much larger temperature cleararce throughout the supercharged boiler com-

pared to the waste heat boiler; this results in greater irreversibilities



- . and explains qualitatively why the,configurations;emp]oying_a;§gpgrcharged

‘boiler do not perform'as“wellhas those_incorporatipg a waste heat boiler.

5.3 Effect of Additional Components

5.3.1 Regenerative Feedwater Heaters _

The purpose of this section {is to show how the station efficiency is
.affe;fedzby_regenerative fee&wa;er(heating.. As we shall 'soon see, this
change will increase the steam cycle efficiency. It is the station
eff1;1enqy{ however, that is to be.jmprpvéd. Improving the gas cycle,
steam cycle, 6@ gasification efficiencies fn and of themselves will not
_ necessarily 1mpr9ve the,oyera11 performance.

.In order to keep‘the steam cycle s1mp1e and so as not to obscure
the basic effect.of!feedwater.heating,'1et,us use only one closed feed-
water heater and one,openlfeedwater heatgr,:the,1attér of which can .-
~also serve as a deaerator. Following the usual practice of placing.the
deaerator last in the feedwater train, the steam cycle is modified as
shown in Figure 5.3-1. Note that the "condensate" on the shell-side of
;he c1osed.feedwater heater is flashed into the shell-side.of the
condenser through a throttle valve. The heating of the feedwater is
accohp11shed by extracting a-small portion of the turbine flow. -The
first extraction occurs at a higher pressure, of course._ghan the second.
The lowest pressure in the steam cycle occurs at the turbine exit, where
the exhaust flow enters the condenser, Note that {t {s necessary to
add a condensate. pump ‘to the feedwater train for two reasons. .The
first is that two-phase flow through the tube- side of the closed feed-

water heater is undesirable and adding heat to the saturated liquid from
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‘the'condenser at the condenser shell-side pressure_wbuid tend to férm’vapor.
The pump serves to subcool the fluid by increasing the¢pressufe. The second
reason for the condensate pump is that the deaeratbr isAan open heater at
a pressure above the shell-side condenser pfessUreZ Obviqust a pump is
needed to take the condensate at the condenser preSsufe and deliver it to
the deaerator at a higher pressure. Figure 5.3-1 is‘appiicabIe to thé steam
cycle of all four configurations. Reasonable values fbr the hew specifiable
parameters will now be assigned.

The pressure relatgd data are given first'fo]lowed by the other data. .‘
Let us assume that the first extraction flow occurs at a presshre of 30
psia and the second at 6Apsia. The shell-side condenser préssure remains
the same as before. Let us assume no,additiona] preSsure drops,; since a
lumped loss of 400 psi is already used. The only temperafurefre1ated data
that .needs to be specified is the terminal temperatdre difference in the
closed feedwater‘heater which is taken to be 3°F. The:efficiehcy of each
turbine stage is taken to be 0.96 and that of the condensate pump also
0.90. The feedwater pump efficiency is unchanged from before. In Section
5.4, more realistic values for the 1ow-pressuré steam turBine efficiencies
will be used.

When the steam cycles of each‘of<the basic cycles 6f Section 5.2 are
modified according to Figure 5.3-1 using the above data, the somewhat
surprising results shown in Table 5.3-1 are obtained. Thé station effi-
ciency for each configuration decreased slightly. As expected, the
regenerative feedwater heating, however, did increase tha steam cycle.
efficiency from 35.02 percent to 37.88 percent. The deterforatibn in

“in station efficiency may be explained by comparing the heat rejected
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from the steam cycle in the condenser to the heat loss through the stack gas.A

Feedwater heating tends to increase the stack gas temperature, since hotter

Table 5.3-]
Results with Feedwater Heating
Configuration -
1 2 -3 4
Station Efficiency (%)
Without 34.57 29.87 38.63 32.72
With ' 34.29 29.47 38.32 32.32
Steam Cycle Effﬁciency (%) .
Without 35.02 35.02 35.02 °35.02
With 37.88 37.88 37.88 37.88

Increase in Stack Gas Heat .
Loss over Base Case (Btu) 510 732 553 724

Decrease in Steam Cycle
Heat Rejected over Base

Case (Btu) 470 676 510 669
Final Feedwater Temp. (°F)
Without 122.8 122.8 122.8 122.8
With ' 252.9 252.9 252.9 252.9
Stack Gas Temp. (°F) ‘ -
Without 324.1 262.8 319.1 422.8
With 405.7 502.9 402.0 622.9
Dew Point Temp. (°F) 93 19 116 141

water enters the economizer. Let us refer to the temperature of the
feedwater into the economizer as the final feedwater temperature.. From
Table 5.3-1, it is seen that for all configurations, thjs'temperature
has increased from 122.8°F to 252.9°F. The stack gas temperature is
seen to be correspondingly higher. In each case, the increase in heat
loss through the stack is greater than the savings in heat rejected

from the steam cycle.. Although the steam cycle efficiency is improved,

5-14



" this improvement is not enough to improve the station efficiency. However,
this could not be known a ‘priori because of the two competing effects.
Although the above trend indicates that cyc]e‘performance deteriorates
.slightly when feedwater heating 1is emp1oyed; the heaters will be kept in
the cycle for the reasons which follow. In Table 5.3-1, the dew point
temperatures are given for each configuration. Without feedwater heating,
the final feedwater temperature is 122.8°F, and Configuration'4 would
probably begin to condense some of the water vapor locally within the
economizer. Furthermore, this final feedwater temperature is a direct
result of the 1.75 psie assumed condenser pressure. If a pressure of 0.75
psia were assumed, the final feedwater temperature without heating would
be about 93°F. Clearly, all four configuretions would probab1y have local
consensation in the stack gasl This is to be,aVoided'because of the
corrosive nature of the acid which would form. Another reason for keeping
‘the feedwater heaters in the cycle is to provide a convenient location
to deaerate the water, namely the open feedwater heater. Finally, a
higher stack gas temperature increases the so-called stack effect, and
a smaller diameter stack may be used. For these reasens, the two feed-
water heaters will be kepf in each configuration: end the loss of less
than 0.5 percentage'points in station efficiency will be accepted. Unless
otherwise stated, all subsequent reﬁu]ts are presented with the regener-

ative feedwaters heaters in the steam cycle.

5.3.2 Intercooled Compressor Serving the Combustor
Next the air compressor serving the combustor is replaced with a

two-stage intercooled compressor on each configuration. The schematic
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of this modified portion of the gas cycle is shown in Figure 5 3-2 and
appiies to all four configurations. The 1ntercoo]er serves to reduce the
effective temperature of the gas during combression, tending to make the
process more nearly isothermal, which requines}much less work than adiabatic
compression. It is for this reason that the effect of an intercooled
compressor on each of the four configurationsié:ekamined. As always, it

is the station efficiency that must be used as a basis for comparison.

The new data applicable to the modified portion of the cycles must
first be specified. It is easiiy shown thaf che.optimum pressure ratio
for each stage of the two-stage compre551on is equal to tne square root
of the product of the initial and final pressures. This resu]ts in the
minimum amount of total compressor work being required. Since the combustor
is assumed to operate at 10 atmospheres, the first-stage:outiet pressure
is taken to be 3.162 atmospheres. A 0.1 psi drop through the intercooler
is further assumed. The temperature tbnwhich:the air is.cooled in the
intercooler must be specified. It is arbitrarily assumed that the air
may be cooled to within 50°F of ambient or to 127° Fach stage of
compression is assumed to have an efficiency of 0.9.

With these modifications to each configukation andﬂnith the regener-
ative feedwater heaters now in the system, ;he results summarized in
Table 5.3-2 are obtained. It should first be noted that fhis-modifica-
tion does not improve station efficiency for any configuration. The
most immediate effect of intercooling is seen in the reduction of the
temperature of the air to the combustor. In Configurations 1 and 3,
this results in 1ess air fiow to the combustor since the lower air tem-

perature is a more effective diiuent However, in Configurations 2 and
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4, the amount of air to the combustor is fixed since 10 percent excess air
is etipu1ated Now the ]ower air inlet temperature serves to reduce the
combustor outlet temperature

Table 5.3-2

Results with Intercooled Compressor
Serving the Combustor

Configuration"
12 I 4

Stat1on Eff1c1ency (%)

Without ‘ 34.29 29.47 38.32 32.32

With 32,75 28.74 36.48 31.19
Air Temp. to Combustor. (°F) : .

Without 622.1 622.1° 622.1 '622.1

With 378.7. 378.7 378.7: 378.1
Afir Flow To Combustor (1bm)

, Without : 19.84 6.73 23.76 10.89

“With 17.06 6.73 . 20,46 10.89
Combustor Outlet Temp. (°F) :

Without 2000. 3250. 2000. 3057.

With . 2000. 3154. 2000, ° 2920,
Gas Cyc1e Heat Loss (Btu) . ' o

Without 4877. 4228. 4045, 3889,

With 5391. 4681. 4661, 4601,
Heat to Steam Cycle (Btu) o o

Without - 4852, 6994, 5270. 6891,

With ' 4375, 6430. 4699. 6001.
Gas Cyc1e Net Work (Btu)

Without 4856. 4175, 3432, 1967.

With » ‘ 4638. 4071, 3387, 2145,

From. the tabu1at10n of resu1ts; 1t(can‘furtherbe seen-for Conf1qurat1ons

1 and 3 that the gas cyc1e heat loss increases substantially while the heat
. transfer to the steam cyc1e decreases by a smaller amount. The intercooling

1s the primary reason for the additional heat loss. Since the steam cycle
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efficiency is unchanged (for all configurations), the station efficiency
must.decrease. Less heat is transferred to the steam cycle primarily
because there is less gas flow. It is further shown for Configurations -1
and 3 that the net amount of work produced in the gas cycle has decreased;
the work of compression decreased but the work of expansion deéreased by

a greater amount, a direct result of the lower gas f]ow due to the lower
air flow. Clearly, for Configurations 1 and 3, intercooled compressors
serving the combustor do not improve performance.

Let us now examine Configuration 2. Again the gas cycle heat loss
increases but the heat transfer to the steam cycle decreases by'an amount
greater than this. Recall from Equation (2.1-10) that this heat transfer
to the steam cycle is multiplied by n,. The decrease in (Qz +Q,)/0; is

.seen to be smaller than the decrease in g% no, resulting in poorer perfor-
mance; Again intercooling causes the effective gas cycle heat loss to
increase, and the lower heat transfer to the steam cycle is causéd by
the lower combustor exit temperature. To make matters worse, the stack
gas temperature increased about 60°F (not shown). As befdre, the net gas
cycle work has decreased, although some work of compression is saved.
Intercooling is not desirable, therefore, in Configuration 2.

A similar line of reasoning applies to Configuration 4 except that
now the net gas cycle work has increased. However, the decrease in total
heat rejected from the gas cyé]e compared to the decrease in the vieighted
heat transfer to the steam cycle, results in overall deteriorated perfor-
mance. | ' |

In summarizing, the addition of an intercooled comﬁressor serving‘

the combustor is not warranted. Unless otherwise stated, all subsequent
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results are presented without intercooled air compressors serving the

combustor.

5.3.3 Regenerator within Gas Clean-up Systeh
Let us examine the temperature of gas leaving the steam generator‘for
the new base cases, which include feedwater heating but not intercoo]ed y
compression. For Configurations 1 and 2 the steam generator gas exit ;
temperature is 1982°F and for Configurations 3 and 4 only 820°F. Note
that the exit témperature of the adiabatic gasification type of configura-
tions is much higher than that of the endothermic tyee. This is caused
by the much higher steam demand to the gasifier for the latter, which is -
‘a characteristic of endothermic gasification as seen in Section 5.2.
Generating significantly more steam for the gasifier removes more sensible
heat from the power gas, thus lowering its temperature substantially.
Since the gas must be cooled for the gas cleanup operation, a great amount
of sensible heat is lost in the gas cooler when the gas temperature is
excessively high. In fact, this is the chief reason why the endothermic
configurations perform better than the adiabatic. Clearly, if these
heat losses eould be reduced, then the cycle performance would be improved.
A gas-to-gas counterflow heat eXchanger between the "dirty" power
gas entering the gas cleanup system and the "clean" gas leaving this
system will reduce these losses. We may also refer to this device as
a regenerator, siece heat is being transferred from one fluid stream in
the cycle to another. Figure 5.3-3 shows how each cycle must now be
modified to include this new component. As noted in Section 3.11, the

the regenerator effectiveness must be specified, which shall be taken
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to be 0.80 fof now. Later in Sect1on 5.7 a parametr1c study on this |
parametér will bé done. The pressure drop on each s1de of the regener-
ator W111 be taken to be 0. 1 psi \
When this modification is made to the cycles, the resu]ts summarized
in Table 5.3-3 are obtained. The improvement in cyc]g performance is
dramatic, especially for the first two configurations. Without the regen-
erator in service, the ;onfigurations with an ehdothermié gasifier performad
better.than those with an adiabatic gasifier. ‘fﬁfs is not surpriéing since
the higher steam demand for en&othermic gaSificafioh resu1t§,in 1es§ heat
being Tost in the gas cooler, as shown iﬁ Tabie 5.3-3‘for the results |
Table 5.3-3

Results with 80% Effective Regenerator
within Gas Cleanup System

Configuration -
] 2 3 .4
Station Efficiency (%) '
Without 34,29 29.47 38.32 32.32
With - 41,53 36.04 40.04 34.17
Heat Loss in Gas Cooler (Btu)
Without . 2606. 2606.. 623. ' 623.

With 485. 485. 122. 122.

without regeneration. But with the regenerators in service, the adiabatic
configurations are superior to the-endothermic. Genéfating steam from
77°F water with 2000°F gas represents'a large irreversibility compared

to that associated~with 80% effective gas-tb-gas regeneration.. Since
endothermic gasification requires much more steam than adiabatic, the'
former contribution to the total irreversibi]ity is emphasized, thus

de-emphasizing the contribution from the latter. Configuration 1 now

5-20



becomes the best performer Note however that the two conf1gurat1ons
ut11121ng a waste heat system are stl]] superlor to the two 1ncorporat1ng
a supercharoed bo11er system. ' ‘ |

Unless otherw1se stated a]l subsequent resu]ts are presented w1th

the regenerator in the gas c]eanup system.

5.3.4 Regenerator between A1r Stream to Gas1f1er and Power Gas Stream |
Next let us examlne the temperatures of the air entering the gas1f1er
and of the power gas 1eav1ng the gas1f1er on Conf1gurat1ons 1 and 2. Since
there is no air flow to the gas1f1er for Conf1gurat1ons 3 and 4 these two
cycles are dismissed from further consideration in this sect1on The air
inlet temperatures are shown in Table 5.3-4 to be 651 9°F for Configur-
ations 1 and 2 while the gasifier oas ex1t temperature is 2000°F. The
. large temperature clearance between these two fluid streams suggests that
‘a regenerator could be incorporated into these configurations as shown
in Figure.5.3-4, o -
Again the regenerator effectiveness is assumed to be 0.80.° The
pressure drops on each s1de of regenerator are assumed to be 0.] ps1
With this mod1f1cat1on, the resu1ts shown in Table 5.3-4 are obtained.
Table 5.3-4:

Resu]ts with 80% Effective Regenerator
between Gasifier Air and Gas Streams

Configuration
1 2
Station Eff1c1ency (7) o '
Without , 41,53 36.04

With 41.80 36.62
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Table 5.3-4 (Continued)

Configuration

1 2
Temp. of Air to Gasifier (°F) o
Without 651.9 651.9
With . 1730.4 1730.4
Heat Transfer in Regenerator
within Gas Cleanup System (Btu)
Without 2121, 2121.
With 1096. 1096.
Heat Transfer in Present |
Regenerator (Btu)
Without 0. 0.
With . 902. 902..
Steam Flow to Gasifier (1bm) : -
Without 0.022 0.022
With 0.195 0.195
Heat Transfer in Steam Generator (Btu)
Without 28, - 28.
With - 252, 252.
Gas Cycle Heat Loss (Btu) ,
Without 3240. 1782.
With - : 3192, 1695.
Air Flow to Gasifier (1bm)
Without 3,783 3.783
With 3.121 3.121
Enthalpy of Air to Gasifier (Btu) = o -
Without 1017. 1017,
Hith . o 1740. 1740.
Heating Value of Gas (Btu/SCF) - )
Without 135. 135.
With : 155. 185.

Note that the station efficiency improves only slightly. The reason
for this, of course, is that the other regenerator is already effectively

reducing the heat loss from the power gas flow stream. Mote .also that
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the required steam flow to the gasifier has increased from 0.022 to 0.195
1bm. This results in more heat transfer in the steam generator helping to
reduce the total gas'cycle heat Toss slightly. Note that the hotter air
into the gasifier results in less air demand but more total ﬁensible heat
is being added to the'gasification process from the air. Furthermore, the
Tower heating v§1ue of the power gas is improved from 135 to 155 Btu/SCF.
A1l of these observations are consistent with the conclusions fn Chapter 2,
concerning the effect of adding heat to the gasification process. -
Admittedly, this regenerator improves the performance very little.
As implied above, ;he gasification efficienéy is s1ghif1cant1y improved
(from 86.58 to 94,75 percent). Improving the gasification efficiency
significantly does not necessarily result in a significant improvement
tn station efficiency. Although the incremental imorovement in perfor-
mance is small, this regenerator shall be kept in Configurations 1 and 2
for all subsequent calculations unless otherwise stated. In Section 5.7,
the relative importance of the two regenerators in the adiabatic config-

urations. will be determined.

5.3.5 Intercooled Compressor Serving the Gasifier

Finally, an intercooler is added to the compressor4serving the
gasifier on Configurations 1 and 2 with the hope that the station effi-
ciency may be increased by reducing the work of compression. The cycles
must be modified according to Figure 5.3-5 where only the affectgd porfion
of the cycle is showﬁ. Note th;t,this modification'app1ies only to the

two configurations incorporating an adiabatic gasifier.
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As before, the first-stage pressure ratio is taken to be equal.to the
éqhare root of the product of the inlet pressure of the first stage and
outlet pressure of the second stage; therefore the pressure at the outlet
of the first stage is 3.317 atmospheres. Again it is assumed that a 0.1
psi pressure drop occurs through the gas cooler, that the gas is cooled
to within 50°F of ambient or to 127°F, and .that each compressor stage
has an efficiency of 0.90.

With this modification, the results shown in Table 5.3-5 are obtained.. .
Note that the station efficiency of Configuration 1 has decreased, but that .
of Configuration 2 has just about remained the same. In Configuration 1
the small increase in the net gas cycle work is not enough to offset the
even greater increase in the gas cycle heaf loss. In Configuration 2 the
larger amount of net gas cycle work is just about cancelled by the effect
due to the greater gas cycle heat loss.

Table 5.3-5

Results with Intercooled Compressor
Serving the Gasifier

Configuration
1 T2
Station Efficiency (%)
Without 41.80 36.62
With 41.62 36.63
Gas Cycle Net Work (Btu)
Without 3705. 1609.
With 3709. 1662.
Gas Cycle Heat Loss (Btu) .
Without 3192. 1694.
With ' 3265. 1774.
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In summafizihg, the addition of an' intercooled compressor serving the
gasifier is not warranted.. Unless otherwise stated, all subsequent- results

are presented without ‘an intercooled air compressor serving the gasifier.

5.4 OQptimization

The purpose of this section is"to optimize each configuration by
determininghthose operating -conditions which ma#imize the station effi- -
ciency. It can be argued that the optimization needs to be done with
respect to only three variables: the gasifier exit temperature, the Zom-
bustor pressure, and the gasifier Stéam“temperature.‘ Increasing the steam
cycle peak pressure would imprbve performance but the steam tﬁrbine exit
quality is already near the practical lower limit of 88 percent and
increasing the steam pressure would make the turbine exhaust even wetter,
It has already been shown that feedwater heating is not'really desirable
in a combined cycle. Clearly the oﬁtimum.steam extraction pressures
would be the limiting low pressure in thg steamfcyé]e, namely the con-
denser pressure. It is not necessary, therefore, to optimize with respect
fo'these pressures. Obviously, increasing the gas turbine inlet temper-
ature would result in improved station efficiency, but this parameter is
fixed by present-day gas-turbine techho]ogy at 2000°F, similarly for the
peak steam-cycle temperature of 960°F. For the supercharged boilér ‘
configurations, the exCegs air fraction is a specifiable parameter. How-
ever, when the excess air was increased from the current value of 10
percent, performance did not impro?e. Consequently this parameter too
does not need to be considered‘in the optimization. All other variables

have obvious optimum values (like zero pressure drops) and are dismissed.
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The effect on performance of some of these parameters is considered in the
parametric studies of Section 5.7. |
Before the optimization procedure is described let us adjust the steam

turbine second- and third-stage efficiencies to be more realistic, namely ‘

0.825 and 0.750 respectively. The new base case station efficiencies e

.
become 41.26, 35.74, 39.52, and 33.47 percent‘fbr Configurations 1 to 4
respectively. The steam turbine exit quality is calculated to be 87.9
percent for each configuration and is marginally acceptable.

For eacﬁ configuration, the following optimization procedure is |
suggested. Let us use the data for each éyc1e as already described up -
to this point.. Then, varying only the temperature of the gas leaving the
gasifier, let us nofe the value which results in the highest station |
‘efficiency. With this optimum value for the gasifier exit gas temperature,
the peak gas cycle or combustor pressure will then be varied and the
station efficiency calculated. The optimum value will Be noted. Finally,
with the above two optimum values bteing used, the temperature of the
superheated‘steam entering the gasifier will be varied, and the effect
on station efficiency noted. Depending on the outcome, thié procedure
may have to be repeated until no further changes in the optimum conditions
occur. In the next four subsections, each configurafion is optimized in
turn. It should be emphasized that the results of our effort in Section
5.3 are incorporated into 511 subsequent calculations, unless otherwisé

stated.

5.4.1 Configuration 1
As already outlined, the optimization begins with the waste heat
combined cycle integrated with an adiabatic gasifier. A1l other
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, b - |,4'I.
‘parameters have the previously speéified values. Table 5.4-1 shows the
result%ng station efficiencies as this femperature is varied from 1600°F
to 2600°F in 200°F increments. Note that the station efficiency is not
Table 5.4-1
Configuration 1 - Optimum Gasifier Temperature

Gas Temperature (°F) - Station Efficiency (%) -

1600 ‘ - 40,75
1800 o 41,17
2000 41.26
2200 A ‘ 41.25
2400 41,22

2600 41.19

o a strong function of gasifier exit gas tempéréture; This shows that if
it is desirable to operate the gasifier'at higher temperatures, then the
station efficiéncy wi11'not be uhdu]y compromised. - For example, the steam
flow to the gasifier is 0.457 1bm for gasification at 1600°F but only
0.105 1bm at 2600°F. 'Furthermore the gasification reactions would proceed
- faster at the higher temperature.,'Thfs cﬁu]d result qualitatively in a
smaller gasifier design,‘since the residence time of the species in the
gasifier could be reduced. In any event, the optimum value is taken to
be 2000°F, which, incidentally, is the value used prior to this phase of
the calculations. |

With this. value for gasification temperature, the gas cycle bfessure
is now varied. It should be noted, however, that the optimum pressure
for the gasification system is not independent of that for the gasAturbine
cycle.” Clearly, these-two pressure levels should be as nearly the same . .

as possible, since any difference between them tends to act as an effective
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gas .cycle pressure drop in the throttle valve. In‘realityw the -gasification -
pressure. must be slightly higher than.the gas turbine cycle pressure because
there will be losses in the real system. ‘Let us use a difference of -1
atmosphere between the two systems. Considering the other pressure drops
which have previously been specified;'thfs is equivalent ‘to assuming a
13.5 psi drop through the throttle vé]Qe aftér the steam generator. The
resulting statioh éffiﬁiencies are shown fn'TaB1é 5.4-5. where the com-
bustor pressure is the 1ndebéndent variable. Note'thét the optimum
Table 5.4-2
Configuration 1 - Optimum Gas Cycle Pressure

Combustor Pressure (atm) Station Efficiency (%)

5 40.58
15 40.62
20 o 39.54
25 38.28
- 36.83

pressure occurs at the value that has been used all along, that is; 10

atm. It -should be noted that the calculated gasifier steam flow varies

only s1ightly from 0.181 to 0.238 1bm as the pressure is increased from §

to 30 atm. For pressures-above 15-atm, the calculated results indicate

that it 1s not possible to raise the 960°F superheated steam in the -waste -

heat boiler.. In fact, at 30 atm, -only 792°F -steam could be produced.

This partly accounts for the poorer performance at iﬁcreased-pressure.
Finally, the temperature of the steam entering the gasifier is

varied from 400°F to 1000°F in 100°F -increments. The PESU]tS,LShOWn.‘

in Table 5.4-3, clearly show that there is no measurable effect of



this-patameter on station efficiency. Let us take the "optimum" value to - .
be.600°F, since this will result in a smaller superheat section in the steam
generator compared to raising 1000°F steam. One reason for the insensitivity
Table 5.4-3
Configuration 1 - Optimum Temperature
of Steam to Gasifier

Steam Temperature (°F) Station Efficiency (%)

400 41.25
500 - 41.25
600 41.26
700 41.26
800 - 41,26
900 41.26

1000 41.27

of the results to this parameter is that very little steam is required by
the gasifier; recall that only about 0.2 1bm of steam is needed. The extra
sensible heat transferred from the power gas to effect additional super-
heating is minimal. In fact, only about 50 Btu of additional heat are
required as the steam temperature is increased from 600 to 1000°F. Later,
- for the configurations incorporating an endothermic gasifier, it will be °
seen that this:is no longer the case.
Clearly, the optimization procedure does not need to be repeated.

The optimum gasifier gas temperature of 2000°F and the optimum gas cycle
pressure of 10 atm were used from the outset.” The somewhat arbitrary
gasifier steam temperature of 600°F is sufficiently close to the original
A.value of 620°F that a new iteration is not necessary. Furthermore,
station efficiency hardly depends on this steam temperature anyway.

| Ve conclude, therefore, that the optimized cycle has a station

efficiency of 41.26 percent. It should be emphasized that this includes
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the 10 percent station load factor. Pressure drops and component ineffi-
cieﬁcies are also included. Without this 10 percent factor, the station
efficiency.would be 45.84 percent. It should be pointed out, however, that
we have yet to consider the {mpact of meeting the federal gaseous emission
requirements on nitric oxides. These are considered in Section 5.5.
5.4.2 Configuration'2
~ Now the indicated optimization procedure is applied to the supercharged
boiler combined cycle integrated with an adiabatic gasifier. From Table
5.4-4, the optimum gasifica£ion.temperature is seen to be 1800°F, giving
a station efficiency which {s only slightly better than the new base case
value of 35.74 percent. The steam flow required by the gasifier is 0.264
1bm at the optimum gasifiéatioh>femperature; As in Configuratioh 1, the
_ . -.Table 5.4-4 .
Configuration 2 - Optimum Gasifier Temperature

Gas Temperature (°F) Station Efficiency (%)

-1600 - 35.42
1800 35.79
2000 35.74
2200: - . 35.67
2400 ‘ 35.59
2600 .. 35.51

station efficiency is not drastically affecfed by the gasification temper-
ature. Again consideration of other factors such as reduced steam flow .
and smaller gasifier desigﬁs at hfgher temperatures may dictate actual
operation off qptima] conditions. The above results again indicate that

~ the sacrifice in station efficiency would be minimal.
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The gas cycle pressureé is varied next. As before, the value of the
gasification temperature which-proved to be optimal is now used."Thé
resulting station efficiencies are 'shown in Table 5.4-5. -The optimum
pressure: is seen to be 10 atm, which is the value that has been used thus

Table 5.4-5
Configuration 2 - Optimum Gas Cycle Pressure

Combustor Pressure (atm) Station Efficiency (%)

-5 : 32.20
10 35.79
15 35.60
20 35.28

. 25 ? - 34.89
30 34.50

far. The deéreasg in‘station~eff1c1ency for pressufgs above 10 atm is
primarily due to the feduction in net wofk (T34!B§u for 30 atm) produced
in the gas cycle, although there is a small decrease in net work (49 Btu)
produced in the steam cycle7 As expeéted, fof #his configuration it is
always possible to raise the 960°? steam in the boiler, since a super-
charged boiler is now in the cycle.

Finally, the temperature df fhe steam to the gasifier is varied, with

the resuits shown in Table 5.4-6. "It is emphasized that the gasification

Table 5.4-6
Configuration 2 - Optimum Temperature of Steam to Gasifier
Steam Temperature (°F)  Station Efficiency (%)
400 ‘ .. 35.77
500 ' 35.78
600 35.79
700 ' 35.79 "
800 . .. . .35.80
900 ' 35.81
1000 35.82
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temperature of 1800°F and gas cycle. pressure of 10 atm obtained above are
used to obtain the results of Table 5.4-6. Again the "optimum" steam -
temperature will be taken to be 600°F, since @ smaller superheat séction
in the steam generator will be needed compared to raising 1000°F steam. -
Also, as in the results of Configuration 1, the entire cycle is practically
lindependent of this parameter.

When the above optimization procedure'is‘repeated using ‘the latest -
_optimum values, the ‘same results dre obtained. It is concluded that for
Configuration 2 the optimum operating conditions are as follows: 1800°F
gasification temperature, 10 atm gas cycle pressure, and 600°F ggéffier
steam temperature. While the 1astispecif3cation is not really optimal,
the decrease in station efficiency from that at 1000°F is almost undetect-
able. It appears that the statioﬁ efficiency for the‘dptimized cycle is
only 35.79 percent, which is significantly below that of Configuration 1.
Again it is pointed out, howgvér, that consideration of thé pollution

criteria may reduce this gapv';

5.4.3 Configuration 3
The same optimization procedure is now applied to the waste heat
combined cycle integrated with an endothermic gasifier. As before, the

t

gasification temperature is varied first.

L]

The results are shown in
Table 5.4-7. The optimum gasification temperature is seen to be between
1800°F and 2000°F. The lower tqmperature is chosen as optimum even
though s1ight]y more steam is'requifed in the gasification process (1.038

1bm at. 1800°F compared to 0.997 1bm at 2000°F). The reasoh for this is
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that the heat source for the endothermic gasifier is the combustor, which,
it should be recalled, has a product gas exit temperature of 2000°F in.
order to be compatible withzthe turbine inlet temperature. - The effective .
temperature of the heat source for the gasifier must be higher than the
gasification femperature because of the second law of thermodynamics, since:
it is impossible to transfer heat from one temperature to a higher temper-
ature in a cycle without expending work. It is indeed fortuitous that the
optimum gasification temperature turned out to be significantly below the
2000°F temperature of the heat source. Unlike Configurations 1 and 2,,
Configuration 3 cannot be operated at gasification temperatures above
this 1imiting Yane. For completeness, it is also seen from the program .
Table 5.4-7
Configuration 3 - Optimum Gasifier Temperature

, Gas Temperature (°F) Station Efficiency (%)

1600 3918
1800 39.52
2000 39.52.
2200 39.41
2400 39.27
2600 39.12

output that 4627 Btu are required by the gasifier. Of‘éburse, the same
amount ofuhe&t is ‘removed from the combustor, since no ‘losses are assumed. ~
Next the combustor pressure is varied with the above optimum value
being used and the resulting station efficiencies are shown in Table
5.4-8, where the optimum again is the value that has been used 511 aTong,’
namely 10 atm. As 1h the other waste heat systeh configuration; it is

not possible to raise 950°F steam for combustor pressures above 15 atm.
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At 30 atm, the temperature of the ‘steam ‘to the turbine is only 801°F. . As
before, this accounts in part for the reduced performance at higher com-
bustor pressures.
| Table 5.4-8
Configuration 3 < QOptimum Gas Cycle Pressure

Combustor Pressure (atm) Station Efficiency (%)

5 o R 38.53
10 39.52
15 - 39.12
20 _ 38.26
25 37.20

30 36.00

Finally, the ga§ifier steam temperature is varied with the above two
optimum values now being used. The resulting station efficiencies are
shown in Table 5.4-9. It should be noted that there is a larger effect
~on station efficiency now compared to that of the adiabgtic configurations.

Table 5.4-9

Configuration 3 - Optimum Temperature
of Steam to Gasifier

Steam Temperature (°F) . Station Efficiency (%)
~ 400 | 39.44
500 : 39.48
600 | . 39.52
700 39.55
800 39.59 .
%00 : 39.62

1000 39.66

Not shown in Table 5.4-9 is fheieffect of ‘increasing this steam temperature
on the steam generator gas-side exit temperature. For a steam temparature

of 1000°F;}the'p6wek gas’-is cooled to 367°F from the base case value of



568°F. In Section 5.6, it will be shown how the regenerator and possibly
the gas coq]er may be eliminated by taking advantage of this.

When the above procedure is repeated starting with a steam temperature
of 1000°F, a combustor bressure of 10 atm, and'a gasifier gés exit temper-
ature of 18005F, the optimum'conditions do not shift; For the timé being,
these are accepted as optimal. . The optfﬁum station efficiéﬁcy is 39.66

percent without consideration of the pollution criteria.

5.4.4 Configuration 45

Finally, the optimization procedure is applied to the supercharged
boiler combined cycle integrated with an eqdothermicfgasifier. As usual,
the gasification temperature is varied ffrst with the resulting station
efficiencies shown in Tab1e‘5;4-10. The’optimum'gasifibation temperature
is seen to be 1800°F. Un]ike Configﬁration 3, the combustor outlet tem-
perature is well above all feasible gasification temperatures; at the
optimum the combustor outlet témperature is:3166°F. Again it would be

Table 5.4-10
Configuration 4 - Optimum Gasifier Temperature

Gas Temperature (°F) Station Efficiency (%)

1600 - 33.12
-1800 33.55
2000 ' 33.47
2200 - 33.40
2400 ' : 33.21

2600 - 33.02

possible to operate the gasifier at a higher than optimal temperature if

this became desirable for other reasons. For completeness, the amount of .
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heat,required_by'the'gasffier is 4627 Btu and, again, must‘be equal to that
supplied by the combustor..

Using the above 1800°Flgas1fication temperature, the combustor pressure
is now varied with the resulting effect on station efficiency shown in Table
5.4-11. For the first time the optimum gas;cyc1e pressure is no longer the
value that has been assumed all a1ong. hut rather 20 atm. Doub]ing the gas
cycle pressure has added more than 2 percentage points to the previous
highest station eff1c1ency i

Finally with these two ‘optimum values fixed, the'temperature of the
steam to the gasifier is varied with the resulting station efficiencies

Table 5.4-11
- Configuration 4 - Optimum Gas Cycle Pressure

- Combustor Pressure (atm)- Station Efficiency (%)

5 29.00
10 ~ 33.55
15 35.29
20 35,81
25 -+ . 35,54
30 ' 35.23

shown {n Table 5.4-12. Note that 1t is not possible to have a superheated
steam temperature of 400°F since this 1s below the saturation temperature
of the water side of the steam generator. As 1n the other endothermic
configuration the temperature of the gas leaving the steam generator is
reduced substantia]]y as the steam temperature is 1ncreased from 553°F

| for the new base case to 339°F for the 1000°F steam temperature. More wi]]

be sa1d about th1s in Sect1on 5.6.
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When the above procedure is repeated starting with @ steam temperature
" of 1000°F, a combustor pressure of 20 atm, and a gasifier gas exit temper-
ature of 1800°F, the optimum condi'tions remain the same. Therefore, for
Table 5.4-12

Configuration 4 - Optimum Temperature !
of Steam to Gasifier

Steam Temperature (°F) Station Efficiency (%)

500 35.77
600 35.81
700 35.84
800 35.87
900 35.90
1000 : 35.93

now these conditions are accepted as optimal. The optimum station effi-
ciency for Configuration 4 is only 35.93 percent, without consideration of

the pollution critera.

5.5 Consideration of the Gaseous Pollution Criteria

The model that has been used S0 far is capable of predicting the
amount of sulfur ox1des (SO ) and nitrogen oxides (NO ) that enter the{
atmosphere from the stack. Reca11 that the combustor mode1, in part1c- |
u]ar prov1des the compos1t1on of the product gas; that is, the mo]e (and
we1ght) fract1on of each const1tuent in the product qas, and hence stack
gas, is known Reca11 also that the amount of gas that the enters the '
atmosphere through the stack is ca1cu1ated |

Through the EPA the federal government has set 11m1ts on these two R

types of.pollutants from power plants. These limits are summar1z=d in
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Table 5.5-1 for the various fuel types. MNote that the units used in this
table are 1bm (of poliutant) per million Btu (of fuel input based on the
Table 5.5-1 :
Federal Emission Limits31,25

~Limit (1bm per 106 Btu)
0 NO,

Type of Fuel S X X
- Coal 1.2 0.7
011 0.8 0.3

Gas ° 0.2 0.2

higher heating value of the fuel). MNote further that the limit varies with
fuel type, the limits for gaseous fue]s:be1ng the most stringent. Let us
use the 1imits for a cpal;fired plant, since this {s in fact our primary
fuel. It obviously would be much more difficult to meet the limits for a
gaseous fuel. |
| As alluded to in Chapter 4 during the discussion of subroutine POLUTE,
the NO producing reaction is Eeported23 to freeze at a temperature of about
2400°F. In other words, the NO producing reaction slows down markedly 1in
the reverse direction for temperatures below 2400°F. So 1t may be argued
that even'though combustion takes place at temperatures over 3000°F which
produces a larger amount of NO, the concentration of NO will decrease as
the stack gas temperature 1s approached. However, because of the above
mentioned freeze phenomenon, the concentration of NO néver goes helow 1ts
equilibrium value at 2400°F.

- 1t should be noted that provisions have been made already for reducing
Soxrem1ss1ons via the gas cleanup system. Recall that it was assumed that

90 percent of the H,S is removed from the power gas hefore it is burned
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in the combustor. Since there is much free oxygen in the ceébustor,'the
sulfur in the remeining H,S and all the COS ends up mostly in the forﬁ of
S02 with smaller amounts in the form of SO and SO;.

Although more complefe reeu1t§ on the gastcomposition are presented in
the next section, let us present some'of these now in.order to see the
relative magnitudes. These abridged results are shown in Table 5.5-2 and
are from the calculations which yield the optimum operating conditions
discussed in the previous section. For the values given, it is assumed

Table 5.5-2

Abridged Results on Combustor Product Gas Composition
(PPM by Weight)

Configuration
Effluent 1 2 . 3 4
$0 0 0 0 0
50, 230 620 220 500
$03 .0 20 0
" NO 520 3420 480 2810

N0, 20 0 10 10

that equilibrium exiets at the combustor exit temperature, name1y 2000,
3610, 2000, and 3354°F respectively for Coﬁf1gUrat1ons 1tod,

When the amount of SOx and NOx are calculated according to the method
given in Section 4.6, the results shown in Table 5.5-3 are obtained- assum-
ing equilibrium at the just stated combustor exit temperatures. Note that
even for equilibrium at 2000°F, Configurations 1 ahd 3 are unecceptebIe
with respect to N0 . Configurations 2 and 4 are also unacceptable with
respect to NO at this point, but 1t is important to remember that these

values correspond to equilibrium at temperatures of 3610 and 3354°F
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respectively, which are above the 2400°F freeze temperature.. All configura-

tions meet the 1.2 1bm/10® Btu limit on‘SOx; it is concluded that at least

Table 5.5-3 .
Gaseous Emissions Assuming Equilibrium
at the Combustor Exit Temperature
T (1bm/106 Btu)

Configuration
Effluent 1 2 3 4
SOX 0.60 0.57 0.50 0.49
NO, - 1.24 3.21 1.03 2.74

for the coal which is assumed thus far, that 90 percent HéS removal is
effective. In fact, this leaves plenty of margin in the tail gas effluents
from the sulfur recovery operation in the Claus plant.

Now let us modify the calculation of the NOx emissions by the method
discussed in Section 4.6, namely by assﬁming that NO producing reaction
freezes at 2400°F. These results are shown in Table 5.5-4. The NOx for
Configurations 1 and 3 must obviously incrgasé while that for Configurations
2 and 4 must decrease. Now the supercharged boiler configurations are

‘ Table 5.5-4
NOx Emission Assuming NO Producing

Reaction Freezes at 2400°F
' (1bm/106 Btu)

- : " Configuration
Effluent 1 o2 3 4
NO 3.54 0.4 2.93 . 0.47

X

acceptable with respect to both NOx and SOx emissions. The waste heat

boiler configurations, however, exceed the 1imit on NOx by more than a.
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factor of 4. As meqtioﬁed}during the'development of the combustor model, -
flue gasﬁrecjrcu]atjonﬁjs sometimes used as-a means to reduce the NO,. In:
eﬁsence some of the relatively cool flue gas is recirculated back into the
combustor thus rep1acipg_somequ the exceSs.air as the diluent. This serves
two purposes: one is to reduce the émoqnf'of‘gaS‘fhét actually goes fo the
atmosphere and the other 1; to,redu;e_the amount of NO produced in the first
place. . N |
" Let us incorporate fTué_gas recirtulation“and modffy'the wasté heat
configurations as shown in Figure 5.5-1, where only the affected portion of
the cycle is shown. Rgcall_from the development of the combustor model.in .
Section 3.2 that unless the flue gas enters the combustor at a reduced.
temperature the benefit of fIﬁe recirculation fis Ioét.v,A1so gas compres-
sors arg_needed, s1nqe the f]uewgas is atwatmospherfc‘pressure and the
combqstor“opgrétgslat e}evafed pressures.. The first gas éooler.is adagd.l{;
to reducé the work reqﬁired py the first stage of compression.. The |
1ntercooiérlhe1ps to reduce. the work required by the second stage of _‘
compression.. F1qa11y the second gas cooler is utilized to lower the
temperature of the compressed flue gas before entering the bombustor
to maximize the effect of the flué 9és”f§§1rch1at1on. |

Additional data need to be speijied before the NO,, emission can
be calculated. Let us assume that each of compressor stages has an
efficiency of 0.9 and that the first gas coo]e? reduces the f1ue gas
temperature to 250°F, the second to 300°F, and the third to 350°F.
Note that is is not possible to reduce these temperatures to within
50°F of ambient as before'becauSé.fhe flue gas has a Hiéh Vd]ﬁmé'fractibn; |

of water vapor. As the pressure increases, the‘dew”poiht temperature
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increases. Condensation in the f]ue gas recirculatioh system is to be
avoided for the same reaSOns it is to be avo1ded elsewhere 1n the system
A pressure drop of 0. 1 psi 1s assumed in each gas cooler.

" With this modif1cation to on]y Conf1gurat1ons 1 and 3, the results
shown in Table 5 5-5 are obtined. Note the decrease in performance as the
fraction of f]ue gas recxrcu]at1on is 1ncreased ~ In order to ensure some
margin, it appears that about 53 percent rec1rculation is necessary for

Table 5.5-5

Effect of Flue Gas Recirculation
on Configurations 1 and 3

Configuration 1

Fraction of Flue Station Efficiency o NOx

Gas Recirculated (%) (]bm/]OS Btu)
0.30 38.36 1.89
0.35 37.95 : 1.62
0.40 37.55 1.34
0.45 37.19 ' 1.05
0.50 36.85 0.74
0.55 36.56 0.33

Configuration 3

Fraction of Flue Station Efficiency MOy

Gas Recirculated (%) (1bm/106 Btu)
0.30 37.08 1.37
0.35 36.71 1.10
0.40 36.38 0.82
0.45 36.07 . 0.49

Configuration 1, while for Cohfiguration 2 only 45 percent is needed.
Unless otherwise stated, the fraction of recirculated flue gas is fixed

at these values for all subsequent calculations. The NOx shown in Table

5.5-5 has been calculated assuming the 2400°F freeze temperature.
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When Configukatﬁons 1 and 3 are checked to determine how ffue gas |

recirculation might effect the previous]y calculated optimum conditions, no

shift in these parameters occurs. That is, the two conf1qurat1ons are still

optimum for the prev1ous]y determ1ned operating conditions.
F1na11y, ]et us ver1fy one of the assumptlons made in Sect1on 4.6
concern1ng the numer1ca1 equ1va1ence of the mole and wexght fract1on of

NO. For each conf1gurat1on, these.are shown in Table 5.5-6, assumlng 53

and 45 percent recirculation for Configurations 1 and 3 and no réciréU]atioh; _

Table 5.5-6 {
Numerical Equivalence of Mole
and Weight Fraction of NO

Confighration
1 2 3 4
Mole Fraction .00018 .00342 .00016 .00263

Weight Fraction .00019  .00353 .00017  .00277
of course, for Configurations 2 and 4. Clearly, the appfoximation made in
Section 4.6.16 is justified since ample margin exists in the calculated

N0, emissions compared to the limiting value.

5.6 Review of Results

The main purpose of this section is to summarize some of the more
important results. After modifying Configurations 3 and 4 still further,
new cycle schematics for each optimized configuration will be presented.
In addition, the water and heat rejection requiremehts will be given for

each optimized configuratien.

5-43 | : -



Before summarizing the resu]ts, let us review the resu]tstfor the
"opt1m1zat10n of Conf1gurat1ons 3 and 4 with respect to the gas1f1er steam
temperature Recall that as this temperature was 1ncreased the temperature
of the power gas 1eaving the steam generator decreased a few hundred degrees.
By 1ncreasing the steam temperature even further. the gas temperature at
the steam generator exit cou1d be decreased to within the temperature ranga
of the gas cleanup system, which is 200 to 260° | Th1s suggests that - the
regenerator can be removed from these endothermic conf1gurations at the
expense of making the steam generator superheater ]arger when this regen-
erator is removed from these conf1gurat1ons and the temperature of the |
steam to the gasifier is 1ncreased, the resu]ts shown in Table 5.6-1 are
opta1nedr Only the results for the steam temperature which gives a‘steam
generator gas exit temperature near-200°F are presented. Clearly, the gas
Table 5.6-1
Results without Regenerator
in Service and Elevated Gasifier

Steam Temperatures

Configuration
3 4
Gasifier Steam Temp. (°F) ~ 1280 - 1200

Station Efficiency (%) - . : :
Previous Optimum 36.07 35.93

, without Modifications . 36.14 35.95
Steam Generator Gas
Exit Temperature (°F) : 211. 222,
Heat Removed by Gas N
Cooler (Btu) n. 22.

cooler before the gas cleanup system could. also be removed, since. cleanup
at both 211 and 222°F is acceptable. This would result in even higher

performance, but the improvement would be small.
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It should be. noted that the purpose of this mod1f1cat1on 1s to eliminate

the use of expens1ve equipment and not to improve the stat1on eff1c1ency by
less than a tenth of a percentage po1nt By tak1ng advantage of using a
higher gasifier steam temperature, it is possible to e11m1nate an expensive
piece of equipment, namely the regenerator, from Conf1gurat1ons 3 and 4.

The gas cooler, however, will be left in the cycles, but 1t shou1d be kept
in m1nd that these too could be eliminated 1f an actual p1ant were to be
built.

An obvious qaestion arises. Why is it possible to:aTjow steam temper-
atures in excess of 960°F in the steam genefator but not~fﬁ the boilers? A
careful examination of the differences between the two prdVides the answer.

The primary reason for 1imifing the steam temperature ta about 1000°F in
vthe”supercharged and Waste heat boi]ere is that stress problems arise at
elevated temperatures because of the 1arge pressure'differential between
the two sides. In the waste heat boiler, the steam-side operates at
1600 psia but the»gas-side at atmospheric pressure. In the supercharged
boiler, the steam-side again operates at'1600 psia but the gas-side at
ten or twenty atmospheres. Iﬁ aﬁy event, aﬁ elevated femperatures §tress
problems arise with these kinds of pressure'differentialsf ‘This is not
the case in the steam generator, however, because béth.sides are neces-
sarily at approximate1y the same‘pressure; Consequentiy,.ft is probably
no problem to raise the higher temperafure steam in the steam generafor.
Unless otherwise stated the regeneratdr in Configurations-3 and 4 is
removed from the respective cycles for all subsequent calculations. When
Configurations 3 ahd 4 are re-optimiZed, no changes from the previous

optimum conditions'result,
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We are in a position now to modify Figures 2.3-1 to 2.3-4 based on the

results up to this point. The modified configurations are shown schematically
in Figures 5.6-1'to 5.6-4 for Configurations 1 to 4 respectively. Configura-

| tion 1 now has regenerative feedwater heating, single stage air compressors,

th regenerators, and flue gas recirculation. Configuration 2 similarly

has regenerative feedwater heating, single stage air compressors,‘and one

regenerator, but no flue gas recirculation. Configuration 3 has regenerative

feedwater heating, a single stage air compressor, flue gas recirculation,

but no regenerators at all. Finally, Configuration 4 is unmodified from

‘original cycle presenfed in Chapter 2 except for the addition of the regen-

erative feedwater heating. The new cycle schematics represent the final

- versions of the original cycles presented in Chapter 2 with gaseous emission

criteria now considered.

Let us now summarize some of the key results for each optimized
configuration as shown in Table 5.6-2. These results apply to the cycles
shown in Figures 5.6-1 to 5.6-4. From this table 1t is seen that all
four configurations have practically the same station efficiency, although
Configuration 1 1s marginally the best. More importantly, Configuration 1
requires less total steam than the other configurations. As expected, the
endothermic configurations require much more steam than the adiabatic
ones. Note that the amount of heat rejected through the condenser for
the waste heat configurations is significantly below that for the super-
charged boiler configurations. For Configuration 1, only about 29 percent
‘of the heat input to the cyc1e,1s actually rejected to the heat sink,
probably a river, compared to about 63 percent for an equally efficient

conventional fossil-fueled plant. This difference could be sign1f1cént
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enough to eliminate the need for expensive cooling towers, which seem

todéy to Be almost standard equipment on new power plants. This benefit

practjca]ly disappears for the supercharged boiler configurations. Another

1nteresting trend is the ratio of gas cycle work to steam cycle work. | .

Once again the indication is that de- -emphasizing the gas cycle is undesir-

able. If flue gas recircu1ation were not needed, then the conf1gurations
Table 5.6-2

Summary of. Results for
Final Version. of Each Corfiguration

Cbnfiguration
1 2 3 4
Station Efficiency (%) 36.67. 35.79 36.14 35,95

Combined Cycle Efficiency (%) 43.01 41.83 42.08 44.86
Heating Value of Gas (Btu/SCF) 155. 157, 288.  290.
Water Requirement (1bm)

Gasification 0.195 0.264 1.038" 1.068
Gas Cleanup 0.268 0.243 0.123 0.000
Total 0.463 0.507 1.161 1.068
Heat Rejected (Btu) :
Gas Cycle 3861. 1710. 4114, 2243,
Steam.cyc1e 3692. 5968, 3515, 5412,
Ratio of Gas Cycle Work to
Steam Cycle Work 1.44 0.47 1.53 0.63
Fraction of Flue Gas '
. Recirculated 0.3 -- 0.45  --
Pollutfon (1bm/108 Btu)
MOx ' 0.52 0.4) 0.50 0.47
SOx 0.59 0.57 0.49 0.49
. Station Efficiency (%) 41,26 35.79 39.66 35.93

without Po]1ution Control
with high gas cycle work to steam cycle work ratios would be superior to
those with low such ratios. Flue gas recirculation takes fts toll on
s;ation efficiency, somewhat masking the'correlat1on bétween this ratio

and cycle performance. For added proof of this, refer to the resu1fs
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presented in Tables 5.2-3 and 5.2-4. For completeness, - the amount of flue
gas'recirculation'as well as the amount of NO, and SOx'emissionsfaré also
given in Table*5.6-2.

It is convenient at this point to present typical equilibrium compo-
sitions of the clean fuel gas and the combustor product gas. The former
are summarized in Table 5.6-3 and the latter' in Table 5.6-4. Note that
the composition is given by mole fraction (or volume fraction).

Table 5.6-3 shows that the fuel gas:for Configurations 1 and 2 is
composed mostly of N, CO, and H,.% Recall that these configurations incof-
pbrate adiabatic gasifiers and ‘that a large amount of air is required.
Consequently, a high fraction of the fuel gas is composed of Ny, which

Table 5.6-3 _
Composition of Clean Fuel Gas.

for Final Version of Each Configuration
(Mole Fraction)

- Configuration

Species 1 © 2 3 4 .
Hy 0.1835 0.1933 0.4968 - 0.4950
CHy . 0.0021 0.0046 0.0299 - 0.0530
H,0 0.0784 0.0784 0.0784 " 0.0392
co - 0.30177 0.2954 0.3771  0.3822
No 0.4256 0.4130 0.0022- 0.0024
Ar - 0.0053 0.0052 0.0000 0.0000
€0, 0.0027 0.0094 ~0.014¢ 0.0274
H,S 0.0004 0.0004 0.0006 0.0006 .-
cos - 0.0002 0.0002 0.0001 0.0002
NH; 0.0001 0.0001 0.0000 0.3000

serves to lower the effective heating value of the gas, thus giving a
" low-Btu fuel gas. For Configuratiohs 3 and 4, the nitrogen in the fuel

gas is due only to that in the coal, since endothermic gasification
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requires no air. For these configurations, the fuel gas is composed mostly
of Hy and CO, thus yielding a higher effective heating value for the fuel
gas. These results agree with the general trends indicated jnlsection 2.2.
It should also be noted that the amount of CH, produced is insignificant for
§11 configurations, although more is produced in the endothermic gasifiers.
This is unfortunate since CH, has a heating value of about 1000 Btu/SCF and
~is the primary cémponeﬁt in natural- gas. Clear1y‘thg gasification processes
_would have to be modified substantially to produce a synthetic natural gas
(mostly CHy). This is, of course, outside the §cope of this dissertation.

Table 5.6-4 shows that the -combustor product gas is composed mostly of
N2, which is not surprising since air is necessary to the combustion process.

Table 5.6-4
Composition of Combustor Product Gas.

for Final.Version of Each Configuration
(Mole Fraction)

‘ . Configuration
Species 1 2 3 4

Hy 0.0000 0.0006 0.0000 0.0002
H,0 0.1254 0.1327 0.1995 0.1865
co - 0.0000 0.0037 . 0.0000 0.0008
N2 .0.7025 .0.6922 0.6430 0.65N
0, 0.0185 0.0121 0.0165 0.0148
Ar 0.0088 0.0087 0.0081 0.0082
€0, - 0.1443 " -.0.1441 0.1325 0.1343
NO 0.0002° . 0.0034 0.0002 0.0027
OH 0.0000 0.0020 0.0000 0.0012
H 0.0000 0.0001 0.0000  0.0000
0 0.0000 0.0001 0.0000 0.0000
NO, 0.0000 0.0000 0.0000 0.0000
SO 0.0000 0.0000 0.0000 0.0000
S0, 0.0003 0.0003 0.0002 0.0002
0.0000 0.0000 0.0000° 0.0000
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The main products of combustion are H,0 and C0, as expected. Practically
no CO is produced by Configurations 1 and 3 with a significant amount
produced by Configuration 2 and a moderate amount by Configuration 4.
Note that iﬁ'Configurations 1 and 3, the amount of NO is quite low because
of the flue gas recirculation. Note that practically no MO,, no SO, and

no SO3 are produced.

5.7 Parametric Studies

Let us determine the sensitivity of station efficiency to variations
in some of the parameters, the values of which have been assigned somewhat
arbitrafi]y in Section 5.2. Among the parameters that will be varied are
coal composition, regenerator effectiveness, pressure drops and component

efficiencies, boiler pinch points, and gas turbine inlet temperature.

5.7.1 Coal Composition |

As mentioned before, the coal which has.béen assumed in all the previous
calculations is a Pennsylvania high volatile bituminous coal. Let us now
use tﬁreé other coals, the compositions of which are given in Table 5.7-1.
For Convenience, the composition of the Pennsylvania coal is 1iste5 in this
table also. HNote that a typical eastern coal?6, a Hyoming coal?’, and an
IMinois coall3 are used. It should be noted that the I1linois coal is the
same one used in ECAS!™ and is actually referred to as I1linois No. 6. The
effect on the station efficiency for only Configquration 1 will be shown
since similar results are obtained for the other configurations. For each

of these three other coals, the station effieiency is improved slightly
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Table 5.7-1
Coal Compositions for Parametric Study
(Weight Fractions)

. Reference Typical Wyoming IMlinois

Coal Eastern Coal Coal Mo. 6

C 0.7304 0.786 0.730 0.596
H - 0.0528 0.049 0.056 0.059
0 0.0616 0.020 0.151 0.200
N 0.0088 0.005 0.012 ~.0.010
S 0.0264 0.010 0.005 0.039
H,0(2) 0.0300 0.020 0.000 0.000

Ash 0.0900 0.110 '0.046 0.096

with the'change in station efficiency being less than one percentage point

as shown in Table 5.7-2. As expected, the amount of SOx produced varies

directly with the weight fraction of sulfur in the coal. ANote that even

for the higher sulfur I11inois No. 6 the amount of'SOx produced is still

below the 1.2 1bm/10® Btu limit. For comp]éteness, the lower heating values

of each coal, calculated from the Dulong approximation, are also tabulated.
Table 5.7-2

Results of Parametric Study on Coal Composition
(Configuration 1)

Reference Typical Hyoming I1linois
Coal Eastern Coal Coal No. 6
Stétion , :
‘Efficiency (%) 36.67 36.84 37.33 36.76
SOx (1bm/108 Btu) 0.59 0.21 0.12 1.10 .
Lower Heating

Values (Btu/lbm) 12,747 13,526 12,222 10,334

From this brief parametric study, it can be seen that the cycle perfor-

mance is fortunately not a strong function of coal composition.
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5.7.2 Relative.Importance of RegeneratorS“in.Configuratiohs 1and 2 . .

Next let us try to determine the relative importance of the two regen-{
erators incorporated in the adiabatic configurations. This is most easily
done by varying the effectiveness .of one regenerator while keeping the other
one fixed at its nominal value of 0.80. Let us refer to the regenerator in
the gas cleanup system as RG2 and that:adjaéent to the gasifier as RGl.

Let us hold the effectiveness of RG2 at 0.80 and vary the effectiveness
of RG1 as shown in Table 5.7-3, where the resulting étation efficiencies are

. Table 5.7-3
Results of Parametric Study on the Effectiveness
‘of RGI wjth that of RG2 Held at 0.80
Station Efficiency (%)

Effectiveness Configuration
of RG] : 1 oo 2
0.80 36.67 - 35.79
0.60 36.60 - 35.68
0.40 - 36.52 35.58
0.20 36.44 35.46
0.00 - 3.35 - 3.3

also shown. . It is noted that the decrease in station efficiency is not
significant as the effectiveness of RG1 is decreased. In. fact, if RG] were
removed completely, the station efficiency viould drop less than 0.5 percent-
age points from its nominal Qa1ue. |

Next let us hold the effectiveness of RG1 at 0.80 and vary the effec-
tiveness of RG2 as shown in Table 5.7-4, where the resulting station effi-
ciencies are also shown. Now the deterioration in performénce is dramatic.
In fact, for both Configurations 1 and 2, the station efficiency would drop

about 3 percentage points if RGZ were removed from the cycle. Clearly the
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the regenerator in-the gas cleanup system is the more important one: The
effest.offthiS'trend on economic decisions concerning these regenerators
is obvious.
" Table 5.7-4
' Resu]ts of Parametric Study on the Effectiveness

of RGZ w1th that of RGI Held at 0 80

Station Efficiency (%)

. Effectiveness Configuration
of RG1 - - 1. . 2

0.80 - . - - 36.67 35.79

0.60 - 35.90 ~ 35.14

0.40 o 35.11 34.40

0.20 34.31 - 33.63

0.00 ‘ 33.51 32.85

5.7.3 Pressure Drops and Component Efficiencies

In order to see the effect of the assumed pressure drops and component
efficiencies on station efficiency 1es'us first make all the pressure drops
zero and note the results. . Then w{th zero pressure drops, let us calcu-
late the station efficiencies assuming all the compressors, pumps,.and
‘turbines are'100 percent efficient. The effect' of the assumed pressure -
drops is shown in Table 5.7-5.  Note that the station efficiency increases

Table 5.7-5

Results of Parametric Study on Pressure Drops -

Station Efficiency (%)

3 Configuration -
1 2 3 4
With Pressure Drops 36.67 35.79 36.14 35.95

Without Pressure Drops - 37.53 36.78 . 36.95 36.85
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by about 1 percentage point for all configurations. ‘The impfovement in
performance by assuming ideal components is much more dramatic as shown in
Table 5.7-6. In fact, more than 6 percentage points are lost because of
Table 5.7-6
Results of Parametric Study on Efficiencies
of Compressors., Pumps, and Turbines
(Without Pressure Drops)

Station Efficiericy (%)

Configuration
1 2 3 4
Non-ideal Components 37.53 36.78 36.95 36.85
‘1deal Components 44.73 43.04 43.49 43.74

'the 1neffi§iencies associated with the pumps, compressors, and turbihes
compared to the zero pressure drop cases. Marked improvement in overall
performance can be expected by decreasing therirreversibi1ities associated
with these components, although significant improvements in these component

efficiencies are unlikely.

5.7.4 Boiler Pinch Point Temperature Differences

Let us now decrease the pinch point temperature differences in the
boiler of each configuration from 40 to 20°F. This would require a large
boiler, since more heat transfer area would be needed. As shown in Table
5.7-7, the improvement in performance is not great. In fact, for Config-
uration 2 the performance is unchanged since a 20°F pinch point température
difference is not possible. For this case, the computer output indicates

that the pinch point temperature difference has to be 40°F to ensure 7°F

5-54



subcooled water in the economizer. Based on these results, it is unlikely
that decreasing the pinch point temperature difference in the boilers from
40°F to 20°F could be economically justified.
Table 5.7-7
Results of Parametric Study on
‘Boiler Pinch Point Temperature Differences

Station Efficiency (%)

Configuration :
1 2 3 4

With 40°F 36.67 35.79 36.14 35.95
With 20°F 37.21 35.79 36.64 36.13

5.7.5 Gas Turbine Inlet Temperature of 2400°F
| Finally, let us determine how much the station efficiency could be
improved by increasing the turbine inlet temperature to 2460°F. Because
Configuration 1 has resulted in the best performance, let us now restrict
our attenfidn only to this configuration. It is reasonable to expect that
similar improvements in station efficiency for each of the other config-
urations would result for a similar increase in gas tufbine inlet temper-
ature; vFor the remainder of this subseétion, therefore, we restfict our
attention to Configuration 1 only. |

The higher gaé turbine inlet femperature will require a diffeﬁent
amount of flue gas recircu1ati§n. Let us varyAthe fraction of flue gas
recirculated for fhe new turbine inlet temperature of 2400°F as shown fn
Table 5.7-8.. Also shown in tHis table are the resulting station efficien-
cies and the amounts of NOx‘that enter the atmosphere. It should be

emphasized that since the "freeze" and "equilibrium" temperatures are
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' both 2400°F, the calculated amounts of NOx are essentially identical for the
two methods of computation. MNote that about 40 percent flue gas recirculation
is sufficient to reduce the NOx to be]ow,thé 0.7 1bh/105 Bfu limit with gmp]e

Table 5.7-8
Parametric Study on Flue Gas Recirculation
at Gas Turbine Inlet Temperature of 2400°F
for Configuration 1 '

Fraction of Flue  Station Efficiency NO,
o .

Gas Recirculated (%) ~ (1bm/106 Btu)
0.00 ' 44,93 2.36
0.10 44.07 1.94
0.20 43.23 ‘ 1.51
0.30. 42.43 1.06

0.40 41.66 : 0.54

margin. It may be recalled from Section 5.5 that with a turbine inlet tem-
perature of 2000°F, Configuration 1 requiked'53“bercent flue gas recirculation
reducing the amount of NO, to 0.52 1bm/10% Btu. |

From Table 5.7-8 it is easily seen that increasing the gas turbine
inlet temperature to 2400°F‘from 2000°F would result in a substantial improve-
ment in overall performance. A 400°F increase in this parameter causes the
station eff{ciency to increase almost exactly 5 percentage points. Further-
more, Tab]e 5.7-8 shows the price that must be paid to meet the current
poliution criteria with respect to NOx emissions. Meeting the criterion
on NOx by using flue gas recirculation results in lowering the station

efficiency by more than 3 percentage points.

5.8 Discussion of Assumptions

In this settion, some of the assumptions that have been explicitly

made or implied are now discussed in 1ight of the results which have been
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obtained. There are two baswc kinds of resu]ts which have been presented:
one type is re]ative and the other abso]ute When each conf1gurat1on was
compared with the others the resu]ts wh1ch were used in this. comparison
were all relative. Because cons1stent assumptions were a]ways made among
the four conf1gurations th1s comparison was not on]y va11d but also quite
1nstruct1ve Obviously, these kinds of re]ative results cannot be that
.sensitive to the assumptions that have been made. Each configuration was
_modeled in parallel to ensure this .consistency throughout - The second .
kind of result is necessari]y more sensitive to the assumptions. If we
were to build the type of pfant which has been referred to as Configuration
1, how close could we expect to come to the calculated station. efficiency
of 36.67 percent or a heat rate of 9307 Btu/kwhr? - It is belfeved that the
.calculated results are a best estimate of the results which would be

obtained from an actual plant.

5.8.1 Dulong Approximation

_ S_evera!i_sourcesla.z_6 give the accuracy of the: Dulong approximation
to be-within 2 to 3 percent. That is to say, the heating value of the
coal based on measurements from a bomb calorimeter agree to within,zaor;
3 percent of that obtained from application of the Dulong approximation.
While this error may seem to.be substantial, it.is well within usual
eng1neer1ng accuracy. Furthermore, to determine the actual enthalpy for
for a wide variety of coals and conditions would be an impossible task.
~ The Dulong approximation provides a practical means of obtaining the .

heating value and enthalpy of the coal for analytical purposes.
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5.8.2 Chemical Equilibrium

It %s ggneral]y.agreed that thermodynamic.equilibrium would exist in
the gasifier for temperatures above 1700°F28, Since the optimum value of
gasification temperature is well above this for each configuration, the
assumption of thermodynamic equilibrium appears to be justified. This 1;{
indeed fortuitous since the kinetics for reactions involving coal are N
extreme]y unpred1ctab1e and are highly dependent on coal type2?. Also, as
pointed out in Sect1on 2.4, a high gas1f1cat1on temperature is advantageous
from the standpoint of not producing. problemsome tars, phenols, mercaptans,‘
and so forth.

As ment1oned in Chapter 3, the equilibrium composition of the product
gas leaving the combustor is also calculated. Again equilibrium is assumed
at the existing flame temperature. With the exception of the computation
of frozen NO for pollution purposes, the composition of the fuel gas is
assumed to be frozen at the gasifier exit conditions and composition of
"~ the produots'of oombuStion is assumed to be frozen at the combustor exit
conditions. Although an equilibrium composition could have been calculated
at eoch cycle point, this was not deemed practical for two reasons. First,
many reactions slow down considerably as‘temperature is reduced and it is
unlikely that equilibrium is achieved for reasonable time periods. Second,
much more combutationa] time would be required. Since it is believed
that this would have a very small effect on results, this refinement is

not justified.
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5.8.3 Feasibility of an Enqothermic'gasifier

There are many possib]é ways. to deliver heat to the gasifier. Among
theée'are gases, pebbles, molten salts, and slag. For each of thesé, heat
could be removed from a high.temperature heat source,}presumably the com-
bustor, and transferred to the gasifier by one of these heat transfer %ed1a.
The high-temperature gas- cooled reactor provides an 1mmed1ate examp]e of
how a gas may be used. The Mayland Pebble-Bed Gasifier2? uses pebbles to
effect the necessary heat transfer. Molten salts are used in the Kellogg
gasification processes2?. Finally, the Rummel Double-Shaft Gasifier2?
utili#és the coal slag fo-provide the necessary heat transfer. As noted
~in Seﬁtion 2.4, Texéco.is reporting progreés on material problems associated
with. coal slag. - Although the reéSon for heat transfer to the gasification
process in each of these cases may be different, the basic ideas should be

applicable to Configurations 3 and 4.

5.8.4 Limits on NO, and S0, Effluents

If appears that the appropriate 1ihits on NO, and SO, emissions will
be changed in the very near future: probably from 0.7 1bm/106 Btu to
0.6 1bm/106 Btu for NOx and from 1.2 1bm/106 Btu to 99 percent removal
for SOé. From the results presented in this chapter, the projected limit
-~ on NO, is already met. The more stringent limit on SO, will cause only
a slight decrease in station efficiency, but the capital cost ofAthe sulfur
removal system will more than doublel. Also, new combustor designs are now
emerging which are effective in reducing the NO, emissions; if flue gas
recirculation could be eliminated on the waste heat configurations, the

station efficiency could be significantly improved.
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CHAPTER 6
CONCLUSIONS AND RECOMMENDATIONS FOR FURTHER STUDY

Several conclusions may be drawn from the results presented in the
previous_chapter. First and foremost is the result of the optimization
With.respect to both components and operating conditions with consideration
of the emission criterion on nitric oxides. As summarized in Table 5.6-2,
Configuration 1 results in the best station efficiency but only by a mar-
ginal amount. In fact, the difference between the highest and Towest
station efficiencies is less than 1 percentage point. If the nitric oxide
problem that exists on the configurations which utilize waste heat boilers
could be solved without the use of flue gas recirculation, then these
configurations could have higher station efficiencies by as much as five
percentage points over those incorporating supercharged boilers. All of
these commenfs dépend, of course, on the validity of the 2400°F freeze
temperature for the NO producing reaction.

‘While Configuration 1 is marginally the best berformer, it does
require the most equipment. Further complicating the trade-offs which
must be made concerning the search fof the best configuration is the
relatively small consumable water requirement for Configuration 1. In
general, the configurations employing endothermic gasifiers require about
twice as much total water as those incorporating adiabatic gasifiers.
Finally, the waste heat configurations reject a much smaller amount of
heat from the steam cycle.compared to that of the supercharged bgi1er
configurations. This could result in substantial capital cost savings

if cooling towers could be eliminated on the waste heat configurations.
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It is instructive to compare these fesuits with thé sfdtion"ef%fciencx
of a;conventiona1 60a1~fired_p1aﬁt with stack gas scrubbers."bster]e,
Impink, et al.l7.calculate the'stétfon efficiency bf a cballfiréd.planf :

* under assumptions very similar to those made in fhis work to be 37.5 pek-
cent, without consideration of the penalty from the stack gas scrubbers.
Rub1n3° presents data which shows that about 2 1/2 percentage points shou1d
be subtracted from the above station efficiency to include the energy
requirements of the scrubbers. Therefqre, fhe station efficiency of 36.67
percent for Configuration 1 s slightly better than that of'35.0'pércent
for a conventional coal-fired p1aht. Configuration 1 appears to be signﬁfé~
fcantly better than a nuclear plant, the station efficiency of which is
usually given as 33 pefcent. In.tgrmé of heat rates, these station effi-
ciencies correspond to 9307, 9750, and 10,300 But/kwhr fof;Configuration 1,
the coal-fired plant, and the nuclear plant respective1y. ‘
~_As already mentioned, it appears that better p;rfofménce can be
expected when the amount of work -oroduced by the gas cycle is a high frac-
tion of the total work. This is a characteristic of the confighrﬁtidns |
employing a waste heat boiler. Unfortunately, these same cdnfiguratfoné
are unacceptable with respect td nitric oxide emissions. lthen f1ﬁe gas
recirculation is USgd as a means to reduce the amount of this éff]uent,
the station efficiency decreases substantially to very nearly the values

of station efficiency for the supercharged boiler configurations.

Regenerative feedwater heating in the stéam cycle portion of a

combined cycle results in a deterioration of plant performance. thile

6-2



_the steam cycle efficiency improves, the station efficiency does not. As

“seen in Section 5.3, the decrease in heat rejection from the steam cycle

through the condenser is smaller than the increase in the gas cycle heat
loss through the stack. Feedwater heating raises the final feedwater tem-
perature,: A higher stack gas temperature, of course, resu]t§ in a higher
sensible heat loss through the stack. It should be noted that this con-
clusion is a résu]t.of the concept of a combined cycle and does not apply
to a conventional fossil-fueled power plant. In the latter, feedwater
heating does improve the p]ant performance significantly. Several reasons
have been identified, however, which make some feedwater heating desirable.

In a cpmbined cycle only a minimum number of feedwater heaters should te

.used.

For the configurations employing an adiabatic gasifier it appears that
some kind of heat récovery system is necessary beyond that of the steam
generator."A gas-to-gas counterflow heat exchanger between the gas streams
to'and from the'cleanup process is seen to improve station éfficiency more
than 3 percentage points if the device {s 80 percent effective. Increasing
theﬁtempera;ure of the steam to the gasifier in the endothermic configura-

tions allows the elimination of this regenerator. In these configurations

-the steam generator is capable of reducing the gas temperature to fhe

proper level required by the cleanup process. It should also be noted

for the adiabatic configurations that the regenerator near the gas cleanup

system is much more important than the one between the air and gas streams

to and from the gasifier respectively. .In fact, with the former in service
at an effectiveness of 0.80, tne latter may be removed completely with

the station efficiency decreasing less than 1/2 percentage point.
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With the exception of anfiguration 3, the effective gasification
temperafure may be chosen to be highér than that which results in the
optimum sfatiqn efficiengy.. The advantaggs of this are faster_rgactibn |
rates, a lower steam requirement, and condi;ions‘which are more conducive
to attaining chemicai equilibrium. Since fhe heat source for the_endé-
thermic gasification required by Configuraion 3 i{s at 2000°F, fhe
effective gasification temperature must necessarily be below this. The
effect of gag cycle pressure on station efficiency is much larger ;han
that of the.effective gasification ;emperatu;e. Although the temperaturé
of the steam to the gasifier hardly affects the plant pefformance, proper
specification of this parameter for the ehdothermic’configuration; does
result in the saving of expensive equipment, name]y'a feg§neratof.

In all cases, the usé of intercoo1ed air’compressors does not appéarl
to be justified. The station efficiencies éither dropped slightly qr 
~remained the same when this modification was made fo éach confjguration.‘

Fortunately, each_configuration is fairly insensitive to different
types of coal. When three othgr types of coal were u;ed in the ana]ysis!
the station efficiency hardly changed. Although this study was sﬁown
for Configuration] on)y, simi]ar results are obtained for the other |
configurations. Boiler pinch point temperature differences, too, are
unimportaﬁt.A Halving the 40°F minimum pinch point temperature difference
results in a relatively small improvement in staﬁion efficiency with the
Targest increase of s]ight]y more than 1/2 percentage point occurring |

on Configuration 1.



Thé'inefficiencies associated with the cycle components, particularly
the turbines and compressors, play a major role in reducing plant pérformance.
For the(hypotheticaT case of ideal components, the station efficiency would
incfease more than 6 percentage points. The pressure drops apparently play
a much-smallér role in determining sfation efficiency.

Finally, it was seen that the real success of the combined cycle
concépt integrated with a coal gasifier depends 6n the attainment of the
2400°F gés turbine inlet temperatufé. It was shown for Configuration 1
that an increa;é of almost exactly 5 percentage points would result, aftér
consideration of the pollution criteria. The use of flue gas reéircuiafion
to control the production of NO on the waste heat configurations results
in decreasing the station efficiency about 3 percentage points. |

One obvious extension to the above work is the task of sizing the
equipmeht necessary to obtain a specified electrical poweerutput,‘say
500 MWe. The results of this could be used for two further studies: an

economic stddy where the‘trade-offs could be assessed quantitatively
| betweén‘reducéd station efficiency on one hand and reduced capital, oper-
ating,"and'ﬁaintenance costs on the other; and a transient study where
the controls for the best éonfiguration with respect to both performance
and economics could be developed. The question of load follow capability
| codld bé addressed more appropriately during the course of the design
of the control systems. The economic and technical feasibility of gas
storage for later use either as a fuel for a combined cycle or as a

chemical feedstock for some other process could also be determined.
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ABSTRACT

A criteria for determining the most energy efficient horsepower
break-point for using electric motors or steam turbines is devéloped and
applied to the prime movers in the Ralph M. Parsons Co. 0il1/Gas Complex.
No significant amount of energy can be saved, since theelectricmotor
turbine break-point established by Ralph M. Parsons Co. coincides with

the criteria developed in this study.
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" INTRODUCTION

In accordance with the commercial concept design of the 0i1/Gas
complex as described in Refereﬁce 1,524,000 HP of shaft work is pro-
vided by prime movers. These prime movers are either turbines or
motdrs. The turbines utilize steam directly. The motors are supplied .
with electricity from a turbine-dirven genérator. Reference 2 indicates

that the drivers correspond to the following HP ranges: .

0 - 10,000 HP Motor
10,000 - 15,000 | Variable
> 15,000 : Turbine

This report will determine whether energy éan be saved by replacing a

motor with a turbine or vice-versa.

METHOD OF APPROACH

The first task was to determine the/efficiency of the two 110.0 MW
turbine drivers used in the power generation unit of Reference 1. The
efficiency of either of these multi-stage extraction turbines'1s 86%
(Appendix A).

Reference 3 indicates a 110.0 MW generator efficiency of 97%.

The motor efficiencies (References 4 and 5) range from 80% @ 1 HP
to 96:4% @ 10,000 HP. -

The overall -system efficiency is desribed by the following equation:

n system = n turbine x n generator X n motor
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where the turbine and generator efficiencies are fixed for the 110 mw
turbine-generator sets, and the motor efficiency varies with HP (see Ap-
pendix B for Samp1e calculation). The curve constructed from this equation
is séen in Figure 1. Also present are the efficiency curves qf multi-
stage condensing‘turbines and single stage turbines.

Figure 2 allows for accurate resolution.of the "Average Efficiency of
Multi-Stage .Condensing Turbine" curves of Figure 1. It is impgrative to note
the high.sensitivity of the turbine efficiency curves'to the sUperheat and
vacuum correction factors. |

To demonstrate the sens1t1v1ty of the turbine eff1c1ency to these
correct1on factors, cons1der a 10,000 HP turbine utilizing 900 psi steam
From Figure 1., the average efficiency is 76%. If the incoming steam is
superheated by 300°F, however, and exits to a 26 in. Hg. vacuum, the
"corrected" efficiency is 79;4%.' (1.035 x 1.01 x 76% = 79.4%).

Although the tufbiné—generator—motor curve of Figure 1 js slightly
.abovg the average multi-stage condensing turbines, it is by an'insignifiéént
amount when the effect of correction factors and the precision pf.informatfon

concerning the various efficiencies is properly evaluated.

CONCLUSION
Figure 1 indicates that below 10,000 Hp, ‘an electric motor drfvér is
the more efficient choice, between 10,000 Hp and 15,000 Hp depending on
superheat temperature and condenser vacuum, either motor or turbine driver
could be used, and for drivers above 15,000 Hp, turbines would be more ef-
ficient. With respect to Reference 2, no significant amount of energy can

be saved by replacing a motor with a turbine, or a turbine with a motor.
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APPENDIX A

It is of interest to find the external turbine efficiency of the

induction turbine operating under the constraints shown:
952,850 Lbm/hr

i 144,551 HP
r-————*.-
62,860 Lbm/hr - [——— ‘
‘ A 768°F
105,317 1bm/hr - Y
315 PSIA 619°F b
120,118 1bm/hr
‘165 PSIA. 492°F
664,555 1bm/hr -
2.5" Hg 108.7°F
'To do so, the infet and exit states are examined:
o . ' . 8tu
.S1 @ 1215 PSIA 950°F; S1 ='State at point 1; hy = 1469.7 Tbm
: - Btu . Btu
S2 @ 615 PSIA 768°F; .h = 1377 Tbm; a.h = 92.7 Tbm
‘ . 12s Bty 1°2s " Bty
S3 @ 315 PSIA 619°F; _h. = 1297 Tbtm; ' a.h ="172.7 Tbm -
13 Btu 13 Btu
-S4 @ 165 PSIA 492°F; .h = 1234 Tbm; a_h ‘= 235.7 Tbm
| 174s T Bty 1 4s Bty
: " or. = . Thm- . = 5 Thm
S5 @ 2.5" Hg 108.7°F; 1h55 907 1pm, A1h55 562.7 1bm

| wheré h referé to the enthalpy at thg specified inlet state. and 1hn5 refers
_to the isentropic enthalpy drop from that state to the outlet conditions
found'from Mollier diagrams. |
A standard method for calculating the éffiéiency was employed§’7First,

thé_Rankine cycle steam rate (RCSR), described byﬁ

| bm 2544 Btu/HP-hr

was found by using a "weighted average" of the available energy described

by the isentropic enthalpy drop. This result in: 1bm
2544 Btu/HP-hr = 5,689 HP-h
RCSR .= 0.066 (92.7) + 0.111 (172.7) + 0.726 (235.7] + 0.697 (562.7)
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This is compared to the actual steam rate (ASR) of:

1,905,700 1bm/hr 1bm
ASR = (209.2 MW ) ( HP ) - = 6.592 HP-hr
: (.97 ) (7 0.000746 MW )

- This means the external efficiency is:

RCSR . 5.689 .x 100% = 86.3%
ASR 6.592
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APPENDIX B

The overall system efficiency is described by the fo]lowing equation:
n system = n turbine x n generator x n motor

Thus, the system efficiency at 10,000 HP, for example, was found to be:

i system = 0.863 x 0.97 x 0.964 = 0.807
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DISCUSSION OF TABLE 1

The reports in this study use a common basis for fuel and
utility costs presented in Table 1. The costs for electricity, natural
gas, distillate fuel o0il, residual fde]'oi1, LPG, and coal have been

], and are for FEA region

excerpted from the FEA energy price projections
V, which encompasses the design location of the 0i1/Gas Complex designed
by Ralph M. Parsons Co. The costs for cooling water and steam are
averaged figures quoted in reference 2. The distillate fuels in Table

1 comprise 1ight and middle fuel oil derivatives such as keroéqu, and
deisel fuel, and include No's 1,2,3,4, fuel oil. The residual fuels are
No's 5,6, Bunker C and all other petroleum fuels which have a fifty pér~

cent boiling point over 700°F. A1l costs are in 1977 dollars.



Fuel
Electricity
$/kwhr

Natural Gas
$/MMBtu

Distillate Fuel
0il1, $/MMBtu

Residual ‘Fuel
0il, $/MMBtu

LPG, $/MMBtu
Coal, $/MMBtu
" Steam, $/1000 1b

High Pressure
Superheated

Medium Pressure -

Saturated

Low Pressure
Saturated

Cooling Water,
¢/1000 gal.

ENERGY COSTS IN 1977 DOLLARS

XIT-4

TABLE 1

1978

.0245

1.45
2.94
2.73.

2.96
1.30

4.0

1981
.0271

1.77

3.12

2.94

3.36
1.54

1984
.03

2.19
3.27
2.96

3.55

1.57

.0327

2.60

3.42

3.07

3.70
1.61
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ABSTRACT

This study performs a second law analysis on the Fischer-
Tropsch complex propdsed by the Ralph M. Parsons Company. The second
law efficiency of each process unit making up the complex was computed
in order to determine areés where process improvements could be made.

The complex as a whole has a first law efficiency of 70%
and a secoﬁd law efficiency of 68.7%. Two areas where efficiencies
could be improvéd are: unit 14, acid gas removal with a second law
efficiency of 80.2%, and unit 21, sulfur recovery, which has a second
law efficiency of 66.4%. Other areas had efficiencies greatér than
87% which indicates energy recovery and conservation techniques had

been implemented in the design of the complex.
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INTRODUCTION

Purpose

This report performs a second law analysis on the Fischer-
Tropsch Complex of the Ralph M. Parson Company. A second law analysis,
based on the concept of avai]abi]ity; is used to pinpoint and evaluate
the dissipations in the F-T complex,and also to determine the efficiency of
fhe complex. The analysis is performed on the entire complex to deter-
mine an over-all efficiency,and also on the individual process units to
reveal areas for improvement. A second law analysis is used instead of
a first law (energy) analysis because the results are measured with

availability or useful energy and thus are the true efficiencies.

Second Law Analysis

Second Law Analysis is based on the concept of availability
sometimes referred to as useful energy, potential energy, exergy and
other names. This concept can seem abstract and difficult to understand
but availability can be considered as the measure of a material to cause a
desired change. Therefore, any material which is not in equilibrium with
its surroundings has the potential of doing useful work as it approaches

equilibrium with its sﬁrroundings,and this is the definition of availabi]ity.1’12

Description of Fischer-Tropsch Complex

The Ralph M. Parsons Fischer-Tropsch Complex is a coal conversion
facility designed to use high-sulfur coal and convert it to SNG (substi-
tute natural gas), LPGs (liquified petroleum gases), light and heavy

naphthas, diesel fuel, fuel oil, oxygenates (primarily alcohols), and
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ﬁé]ectrica] bowerf%or in?plant use‘§nd export.A Using the Fischer-

‘ Tropsch p}ocess, fheVCOal is gasified, the gases purified, and reacted
“to producé thélabove productsL The industrial complex consists of a
Targe mine tha; produces 40,000 tons.per day (TPD) of run-of-mine coal
which is supplied tola,cba1 preparation plant, which in turn suppiiesf
- 30,000 TPD of cjean, sized coal with a heating value of 12,550 Btu/]b
to the Fischer4Tropséh plant. Al11 electricity .and steam required for
the‘FTscher—Trob§ch complex are geherated within the plant;.therefore,

~ the input to the p1ant is coal, air, and water. The overall materia]
balance s shown on F1gure 1 and the energy balance is shown on Figure 2.
~ The estimated fiXed’Capita1 investment is $1.5 billion based on fourth

quarter 1975 dollars.



30,000 TPD

COAL —»
105,890 TPD
AIR — >
8,925 TPD
 WATER >
TOTAL 144,815 TPD

" Ralph M. Parsons Company.

e ———— ———"t  —— . . STt S e . m— 3 A . -
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*VENT GASES 128,655 TPD
PRODUCTS _ 13,600 TPD
SNG 6,590 TPD
Butanes 340 TPD
Naphthas 2,380 TPD
Oxygenates _455 TPD
PROCESS Diesel Fuel 2,105 TPD
Premium
 Fuel il _715TPD
N, Sulfur 1,015 TPD
UNITS
INTERNAL CONASUMPTION 210 TPD
- »
Acids to '
inplant Disposal 45 TPD
Miscellaneous 165 TPD
SLAG 2,350 TPD
- >
144,815 TPD
FIGURE 1

Overall Material Balance -

Reproduced from R&D Report No. 114 -
Interim Report No. 3 by the
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!
| 1014 TPD —
- >>—> SULFUR
— i 8.09 MMM BTU/D, HHY
\ 6688 PO
. S>> NG
267.78 MMM BTU/D, HHV s
. | : BILLION
. . | ! ENEAGY OISTRIBUTION 8TU/D %
. 5397 TPD ~ : HHV
LIQUID FUELS
237.56 MMM BTU/D, HHYV prrd
, ENERGY SOURCE 7152.99 100.00
_ HEAT FOR COAL DRYING .
< coat
300 MM BYU/HR
MINE AND . 442.8 MW 421.3 MW 139.6 MW <~
. PREPARATION PROCESS PLANT POWER GENERATION > 1.4 MMM BTU/D >——-> POWER FOR SALE ENERGY CONSUMED IN
COAL 30,000 TPD STEAM 1200 PSIG, 950 °F . N 21.5 MW ' MFG
752.99 BILLION BTU/D, HHV 7 8790 M LB/HA \ v MINING
] Y Y 7'y [ M AND PREPARATION [1%13 230
:
2162 M LB/HR g OXYGEN 56.48 1.50
STEAM 500 PSIG , 2617 MW PROCESS 154,05 2048
& OTIMLBMR '
TOTAL 221.83 3026
;
50.5 MW 204.8 MW : TRANSMISSION ANO
5 17.1 MW
STEAH 115 PSIG 1 =_—> DISTRIBUTION LOSSES ENERGY VALUE
4834 LO/HA (COMPLEX LIMITS) 0f PRODUCT
SNG 26178 35.56
STEAM 50 PSIG : y 264.6 MW LIQUI0 FUELS 231.56 nss
1785 M LA/MR . POWER FOR SALE 14 152
- . SULFUR 009 107
o POWER L N
-~ 255.1 MW ] i TOTAL 524.96 69.70
0.4 MW 2641 M LB/NR 1]
v
A 4 '
. : STEAM 3,968 M LB/HR ! L 8.9Mw L
OXYGEN PLANT < - GENERAL FACILITIES <
H

FIGURE 2
tnergy Baiance

Reproduced from R&D Report No. 114 - Interim Report No. 3
by the Ralph M. Parsons Company. :
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Procedure for Calculating Second Law Efficiencies

A second law analysis of the Parsons Fischer-Tropsch Complex
was performed by first considering the entire plant, its inputs and
outputs and then considering each separate process unit in order to
pinpoint the process units which were the most energy inefficient.

The basis of the second law analysis is the concept of available

energy or availability. Availabilities were calculated using equation. (1)

Hv

(1) A=mL((Cp (T-To)) + Hc + Hv) - To ((Cp n (f,)) + B% -

- R 1n (B) + s°comb) 2p2-en Xo]

A = availability, Btu/HR

m = mass flow of the stream, 1bm/HR

Cp = constant pressure specific heat of the stream, Btu/lbm-°R
T = temperature of the stream °R

To = dead state temperature = 537°F = 77°F

Hc = heat of combustion of the stream,‘Btu/]bm

HV = heat of vaporization of the stream, Btu/]bm

ft-1be

1bm—°R

R = universa]‘gas‘consfant 1545

M = molecular weight

P = pressure of the stream,psia

Po = dead state pressure 14.7 psia

S°comb = entropy of combustion, Btu/lbm-°R

‘Xo = mole fraction of substance in stream that occurs in nature.

Once the availabilities of all the inlet and outlet streams
were determined, the second law efficiency was fouhd as shown in

equation 2:
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_ Ao (9)
(2) By = AT

E2L = second law efficiency

Ao

availability out of unit

Ai

availability into unit

The availability loss through the unit is expressed as the sum of
the availabilities in minus the sum of the availabilities out; this loss, then,
is a measure of the inreversibility of the process.(7)

Using the relationships presented above, the second law efficiencies

. and the availability losses through the entire complex and each separate
‘proéess unit were found and are shown on Tables 1 and 2 along with

availabilities in and out.

Some examples of availability calculations follow.

The availability of coal was not determined using equation (1)

but was determined from an -equation presented in reference 12:

- , a :
q0al = hccoa] X Earbon
carbon
a = availability of coal Bty
coal TE;
hccoa] = heat of combustion of coal, Btu/lb
3.arbon - availability of carbon, Btu/l1b
hccarbon = heat of combustion of carbon, 14,067 Btu/1b.
Therefore,
- Btu _ 14760
qcoal 12,550 o X 14067
or, .
3.0al ~ 13,168 Btu/1b

The availability pf steam was caicu]ated using a simplified

version'of equation (1):
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8 team ((ht,p'hto,pp))° To (St,p'sto,po))
Using the steam tables for steam at 510 psia and 670°F:
) = - - - g&!
. team ((1340-49.5) - 537(1.592-.093)) ]bm
- Btu
Asteam 485.5 1b
_ m
Where,
ht D = enthalpy of steam at pressure P and temperature T
hto pd = enthalpy of steam at pressure Po and.tempérdture To
St b = entropy of steam at pressure P and‘témperatufe T
Sto po = entropy of steam at pressure Po and temperafure‘To

An availability using equation 1 is shown here for an oxygEn -

nitrogen stream:

Oxygen 'Nitfogen i
24,947 mph 509 mph mph.= moles per hour
[}
449,046 1b/hr. 14252 1b/hr m
_ Btu Btu.
.245 Tb°R . .258 Tb°R Cp
650° 650° T
485 psia 485 psia . P
.2035 ' .7567 Xo

A = 14,252 [((.258 (650-77)) - 537 (.258 In(‘—%%)) - (%-5-(28‘0])1n(§‘%7)))

N2
- (e In(-7567))]

6 Btu
2.72 x 10 “hr

>
u

N2
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1110)) (1545

A02 = 449046 [((.245 (650-77)) - 537 (((245 In(537 778 (32)
1545 (537
Agp = 96.3 X 108 Btu/hr
- PN 6 Btu 6 Btu
A02N2 = A02 + A N2 S 2.72 x 10 T + 96.3 x 10 T
- 6 Btu
A02N2 =99 x 10

Availabilities for flows in and out of various process units

In

are shown in Figure 3.

TABLE I

Overall Availabilities of the Fischer-Tropsch Comp1ek

Inlet and Qutlet Streams

- Inlet Streams

Stream Name A, Availability, Btu/day . m, Flow Rate, TPD
1. Coal Feed 790.09 x 10° 30,000
2. Water 0 - 105,890
3. Air 0 | 8,925
Total 790.09 x 10° | 144,815

Qutlet Streams

Stream Name. A, Availability, g%% 5, Flow Rate; TPD
1. SNG 289.51 x 10° 6,590
2. Oxygenates (Alcohols) 11.71 x 109 455
3. Diesel Fuel 83.83 x_10° 2,105
4. Sulfur 9.13 x 10° 1,015

(

485
13.7

).
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Qutlet Styreams (cont)

Btu

Stream Name A, Availability, day m, Flow Rate, TPD
5. Naphthas 94,93 x 10° 2,380
6. Fuel 0i1 _27.87 % 10° 715"
7. LPG (Butanes) ' 14.24'x 10° 340
8. Electricity 11.43 x 10°_ -

TOTAL A 542.64 x 107 13,600
st o iy - QRSB S
Net Availability Loss = A, 1 . = A . . =

790.09 x 10° - 542.64 x 10° = 247.45 x 10° Btu/day
TABLE 2
-Availabilities of Inlet andOutlet Streams, Net Availability
Loss, and the Second Law Efficiency of Each Process Unit
“Inlet Availabi]ity, Outlet Avai]abi]ity, ?nd Law Effic-
Unit # Aj» Btu/hr A, Btu/hr Aj - Ao'-3qiency E, Ao/A§
12| 61.64 x 10° 56.73 x 10° 4.91 x 16°] 920
13 | 70.83 x 10° 68.58 x 10° 2.25 x 107 968
14 | 29.78 x 10° 23.86 x'10° 5.88 x 10°|  .802
16 23.50 x 10° 20.54 x 10° 2.96 x 10°| .874
17 13.57 x 10° 11.97 x 10° 1:60 x 10°| .g82
18 18.74 x 10°_ 29.50 x 10°
19 26.96 x 10’ 25.61 x 10 1.35 x 107|950
21 | ss.45 x 107 58.73 x 107 29.72 x 107 | .64
22 44.37 x 10’ 2.01 x 10’ 42.36 x 10| .045
26 3.64 x 10° 1.96 x 10° 1.68 x 10°|  .538
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Conclusions:

The Fischer-Tropsch Complex with a first law or energy
efficiency of 70% for the overall has a second law of 68.7%. Individual
process unit second law efficiencies are listed in Table 2. From this
table, Units‘12'and?13 have.the highest efficiencies, 92% and 96.8%
respectively; therefore, there is little improvement to be made in these
. units. The power generation system, Unit 26, has a second law efficiency
of'53.7%; however, this unit-consists only of a turbine and generator
and uses steam generated in Units 16 and 17. The second 1aw analysis
also pinpointed process units with low second law efficienciés thus
revealing areas for possib]é imﬁrb&ement. Unit 14, Acid Gas Removal,
which uses a Se]exol solution process, has a second law éfficiency of
80.2%. Perhaps the present Selexol Acid Gas Removal System can bevreplaced
by a DEA system to become more efficient. A Study such as Section IX,

A A]terhafe Acid Gas Removals System Study, of this report can be performed

on the Acid Gas RémoQa] Unit of the Fischer-Tropsch Complex. Sulfur

Recovéry, Uhit 21, with a seéond law efficiency of 66.4%, is another area
where possible -improvements should be analyzed to achiever higher efficiencies.
Unit 22, Water Reclamation, has an extremely low second laﬁ éfficiency

of 4.5% which seems to suggest an area for large improvements. This is
misieading due to the fact that most of the outlet streams cqn§ist of

water at ambient temperatures and pressures resulting in a low outlet

availabitlity.
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As demonstrated in this study, a seéond law analysis is a
very useful method bj which to evaluate industrial plants and processes
in order to pinpoint areas for improvement. The methodo]ogy‘used on\
the FischeE-Tropsch'Complex can be applied to other industrial p]anté

and processes. :
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