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SECTION 5

PROCESS PERFORMANCE - GASIFICATION SYSTEM

The results of the gasification pilot plant operation are reviewed in 
this section. A brief tabular history which summarizes the pilot plant 
objectives, major problems encountered, and the accomp1ishments of each 
run is presented for reader convenience. Because an understanding of 
particle and fluid dynamics is critical to the design and optimization 
of the CO^ acceptor process, much effort is devoted to the analysis of 
solids fluidization, solids transport, and system pressure balance.
Most importantly, heat and material balances for selected runs, during 
which steady-state pilot plant operation was achieved, are presented to 
aid in appraisal of the process.

The pilot plant operating program began in April, 1972, and ended with 
the completion of the last run on October 1, 1977. A total of 75 runs 
were completed in which over 6,400 hours of operating time were logged 
while at design process temperature and pressure. Over 6,500 tons of 
dry lignite and subbituminous coal were gasified. Three North Dakota 
lignites (Velva, Glenharold, and Husky), one Texas lignite, and three 
subbituminous coals (Sarpy Creek and Rosebud (Montana) and Wyodak (Wyoming)) 
were successfully gasified.

Twelve detailed heat and material balances were obtained which demonstrate 
the adaptability of the CO^ acceptor process to a wide range of feedstocks, 
including lignites for which no other known process can be adapted. A 
discussion of the heat and material balances is given in Subsection
5.3.6.

The CO^ acceptor process pilot plant was the first of the second generation 
gasification processes to undergo a comprehensive environmental characterization 
study. This study, as reported in Volume 11 of this report, validates 
all of the claimed advantages of the CC^ acceptor process and reveals 
that the process can be operated in an environmentally acceptable manner 
with present control technology.

5.1 RUN HISTORIES

A brief summary of each of the 75 runs conducted in the pilot plant is 
listed in Table 5-1. A more detailed account of each run is given in 
the individual run reports published in Volume 8 of this report.

5.2 SOLIDS TRANSPORT

This section is concerned with providing pertinent information about the 
behavior of the fluidized beds maintained in regenerator and gasifier 
vessels of the CO^ acceptor gasification process. The interpretation 
and use of differential pressure measurements for determining fluidized 
bed density, height, and char-acceptor interface level are discussed; as 
well as the measurement of the acceptor circulation rate, the transfer 
of solids through standlegs and lift lines, and the establishment and 
control of proper system pressure balance.

1



Hours
Hoars. Hours, tfithiout Feed

Rta At At Air In Sate
*». Pte Fres. Te^ Gasifier Feed type LB/HR
1A 4/S/TO- IS® 0 0 None 0

4/11/72

Purpose
Achieve inte­
grated Pilot
Plant opera­
tion.

IB 4/15/72- 190 O 0
4/25/12

0 Achieve inte­
grated Pilot 
Plant opera­
tion.

2 0/3/TO- MB Q 0 Mane
6/9/72

0 Achieve inte­
grated Pilot 
Plant opera­
tion.

Table 5-1

Results and 
Accm%>lisliBents

Completed system 
pressure test.
Established dolo- 
■dte inventory 
and calcined 
MgGO, portion 
of acceptor.

Probless
Encountered

Leak in pressure
probe in gasifier
bed.

Cause of 
Termination 

Inability to read 
dolomite level in 
gasifier boot.

Established dolo­
mite acceptor in­
ventory and dolo- 
ffiite circulation 
(instable) be­
tween the regene­
rator and gasi­
fier.

Pressure taps in 
spent dolomite 
transfer line 
continually plug­
ged.

Relief valve on 
inert gas hold­
er failed caus­
ing regenerator 
and gasifier beds 
to simp and 
acceptor lift 
line to plug.

Established dolo­
mite acceptor in­
ventory and 
achieved 14 hours 
of stable dolo­
mite circulation 
between vessels.

(1) Pressure
taps on gasi­
fier and regene­
rator continually 
plugged.
(2) Solids accu­
mulated at inlets 
to gasifier and 
regenerator quench
towers.

Blind in vent 
line to flare 
stack was not re­
moved after 
construction was 
completed. Gas 
was venting 
through a water 
drain line on the 
flare. Closing 
the valve on this 
line caused the 
gasifier pressure 
to increase and 
stbsequent open­
ing shocked the 
system and caus­
ed a shutdown.

Removed vertical 
pressure probe from 
gasifier and instal­
led side taps in 
gasifier and regene­
rator.

Revisions Made
Prior to Next-Run

Inert gas system re­
paired and tested.

(1) Revised side 
pressure taps to 
1/2-inch pipe with 
rod out assemblies.
(2) Reinstalled 
gasifier pressure 
probe using 1/2- 
inch rather than 
1/4*inch tubing 
for sensing lines.

RUN HISTORIES



Hours
Hours Hours Without Feed

Rm At At Air In Rate
No. Bate Pres. Temp. Gasifier Peed Type LB/HR Purpose

Results and
Accomplishments

Problems
Encountered

Cause of 
Termination

3 7/10/72- 205 0
7/19/72

0 Husky Char 0 Achieve inte­
grated Pilot 
Plant opera­
tion.

Established accep­
tor inventory, 
circulation and 
maintained plant 
pressure balance.

(1) Gasifier bed Acceptor lift 
pressure differen- line ruptured, 
tial distorted by
leaks in impulse 
lines.
(2) Plugs were 
experienced in 
char inlet line 
to the gasifier.

W

4 8/10/72- 180 0
8/20/72

S 10/9/72- 380 0
11/1/72

Husky Char Achieve inte­
grated Pilot 
Plant opera­
tion.

Established gasi­
fier char bed and 
initiated fuel 
char combustion 
in the regene­
rator.

(1) Inability to 
transfer dolomite 
from gasifier boot 
to regenerator or 
dolomite dump 
hopper, F-213.
(2) Experienced

Cl) Solids plug 
in gasifier 
(2) Accentor 
lift line plug­
ged.
(3) Char lift 
line plugged

difficulties trans- with dolomite
ferring dolomite 
from gasifier to 
engager pot.
C3) Difficulty in 
maintaining seal on 
char lift line.

and char.

Husky Char Achieve inte­
grated Pilot 
Plant opera­
tion.

Attained 1750“P 
calcining 
perature.

Numerous upsets 
in quench sys­
tems.

Regenerator re­
fractory fail­
ure. Increas­
ing frequency 
of iqssets in 
quench systems.

Revisions Made 
Prior to Next Run

Replaced acceptor 
lift line as per 
original design. 
Revised start-up 
procedure to insure 
the absence of 
oxygen in the 
acceptor lift gas 
prior to starting 
circulation.

After the third 
shutdown, it was 
observed that gas 
was bypassing the 
gasifier bed 
through cracks in 
the boot refrac­
tory. All re­
fractory in the 
gasifier boot and 
transition section 
was replaced.

Replaced refractory 
in regenerator.

Table 5-1 RUN HISTORIES (continued)



73

4^

Hours
Hours Hours Without Feed
At At Air In Rate

Date Pres. Temp. Gasifier Feed Type LB/HR Purpose

6 12/5/72- 000 0
1/28/73

0 Perform spe­
cial fluidi­
zed bed tests 
in the gasi­
fier and in 
a glass fluid 
bed model.

7 2/12/73- 380 7
3/11/73

0 Husky Char 0 Achieve inte­
grated Pilot 
Plant opera­
tion.

8 3/28/73- 240 10 0 Husky Char 0 Achieve inte­
4/10/73 grated Pilot 

Plant opera­
tion.

Results and Problems Cause of
Accomplishments Encountered Termination

Tests provided in­
formation which 
allowed relating 
the differential 
pressure measure­
ments across fluidi­
zed beds to the 
actual fluid bed 
behavior. Inter­
face stability 
and acceptor 
showering were 
also studied.

Used natural gas 
for the first 
time as an auxi­
lary fuel, achiev­
ed complete 
calcination of 
the regenerator 
acceptor invent­
ory.

The run demon­
strated that the 
gasifier char 
bed could be 
partially gasi­
fied and the 
char bed density 
reduced by in­
jecting an air 
steam mixture 
through the raw 
side flow gas 
distributor.

Line between Scheduled.
Gasifier and spent 
acceptor dump hopper 
plugged several times.
Sulfur corrosion of 
the gasifier recycle 
gas heaters continued 
to be a problem.

Line plugs, loss Agglomeration
of interface in of solids in
gasifier. Tempe- gasifier,
rature and pres­
sure probe in 
regenerator 
broke.

Hot spots on 
solids trans­
fer lines caused 
by broken end 
plates. Agglo­
meration of 
acceptor in re­
generator. 
Plugging at in­
let to regene­
rator quench 
tower. Heater 
tubes deteriora­
ting from sul­
fur corrosion.

Tube ruptured 
in regenerator 
air heater.

Table 5-1 RUN HISTORIES (continued)

Revised startup 
and operating 
procedures based 
on data obtained 
from fluidization 
tests.

Revisions Made
Prior to Next Run

Installed ring 
type distributor 
in transition 
of gasifier. Re­
vised operating 
procedure to 
include addition 
of air to gasi­
fier side.

Repaired heater 
tubes. Installed 
ring type gas 
distributor in 
regenerator.
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Date

Hours
At
Pres .

Hours
At

Temp.

Hours 
without 
Air In 
Gasifier Feed Type

Feed
Rate
LB/HR Purpose

4/14/73-
4/19/73

40 13 0 Husky Char 0 Achieve inte­
grated Pilot 
Plant opera­
tion.

Results and 
Accomplishments

Problems
Encountered

Cause of 
Termination

Revisions Made 
Prior to Next Run

Greatly improved 
regenerator fuel 
char transfer re­
liability by re­
designing the 
fuel char flow 
control system.

Hot spots of side 
flow line to gasi­
fier high pres­
sure drop across 
gasifier recycle 
gas heater. 
Agglomeration of 
acceptor in 
regenerator.

Plug in accep­
tor lift line.

Revised operating 
procedure to in­
clude use of hot 
potassium carbo­
nate system to 
remove carbon 
dioxide from re­
generator recycle 
gas.

10A S/18/73- 112 3
5/23/73

108 5/23/73- 193 109
6/4/73

2

9

Husky Char

Huskv Char

Achieve inte­ Achieved fully Gas inlet to re­ High level in Modified venturi
grated Pilot integrated plant generator quench gasifier K.O. on the inlet of
Plant opera­ operation for a tower kept pot shut down the regenerator
tion. 2 hour period 

during which 
the acceptor 
circulation 
supplied all 
the gasifier 
heating re­
quirements.

plugging 
Agglomerates in 
regenerator.

compressors. quench tower.

Achieve inte­ Achieved fully Differential pres­ Spent dolomite Revised operating
grated Pilot integrated plant sure taps in re­ transfer line procedures for fill.
Plant opera­ operation for 9 generator and ' plugged be­ ing fresh dolomite
tion. hours without gasifier beds tween gasi­ lockhoppers. En­

the need to in­ continued to fier boot and larged diameter
ject air into 
the gasifier to 
maintain the char 
bed temperature. 
Obtained first 
quasi-stable heat 
and material bal­
ance data. Cir­
culated calcined 
acceptor for 5 
days without 
di ffi culty.

plug. Sheared 
several pins 
in fresh dolo­
mite feeders.

engager pot. of fuel char stand- 
leg from 2 inches 
to 3 inches.

Table 5-1 RUN HISTORIES (continued)



Run
No. Date

Hours
At

Pres.

Hours
At
Temp.

Hours 
Without 
Air In 
Gasifier Feed Type

Feed
Rate
LB/HR Purpose

Results and 
Accomplishments

Problems
Encountered

Cause of Revisions Made
Termination Prior to Next Run

HA 6/15/73- 115 15 0 Husky Char 0 Achieve stable The run objectives Plugging of vent- Calcined accep-
6/21/73

11B 6/27/73- 
7/10/73

123 Husky Char 1,000

12A 8/4/73-
8/8/73

114 12 Husky Oiar 1,200

steady-state 
operation for 
which heat and 
material balan­
ces can be 
calculated.

Achieve stable 
steady-state 
operation for 
which heat and 
material balan­
ces can be 
calculated.

Determine indi­
vidual heat 
losses from 
the regenera­
tor and gasi­
fier reactors, 
achieve inte­
grated pilot 
plant opera­
tion and 
obtain steady- 
state balance 
period.

were not accomp­
lished due to the 
premature run 
termination.

The rim objectives 
were not accomp­
lished due to the 
premature run 
termination.

Successfully 
batch calcined 
regenerator 
acceptor in­
ventory.

uri lustre am of 
regenerator quench 
tower resulted in 
pressure insets 
which caused 
steam backflush- 
ing iq> the cal­
cined acceptor 
standleg.

Sulfur corrosion 
in gasifier boot 
heater. Contin­
ued plugging 
of venturi up­
stream of regene­
rator quench 
tower. Ten 
minute power 
failure.

Plugging of 
calcined accep­
tor standleg, 
agglomerates 
in regenera­
tor.

tor standleg 
plugged.

Calcined accep­
tor standleg 
plugged.

Transformer in 
motor control 
center fail­
ure causing 
recycle gas 
compressors 
to shut down.

Regenerator quench 
tower venturi was 
installed in a 
vertical position 
with rodout de­
vice downstream.

Installed purge 
in calcined 
acceptor stand- 
leg.

Table 5-1 RUN HISTORIES (continued)
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Hours
Hours Hours tfithout

Em At At Air In
Mo. Date Pres. Gasifier Feed Type
IB 9/15/73- 14® it 0 Husky Otar

V2V73

12€ VU)7S- 126 IS 0 Husky Char
9/5/7S

I2D 9/13/73- 11® 17 0 Husky Char
9/19/73

Feed
Rate
LB/HR Purpose

Results and
Accoaplishments

Prob leas 
Encountered

Cause of 
Termination

1,000 Determine indi- Successfully batch Plugging of cal- Calcined accep-
victual heat calcined regenera- cined acceptor tor standleg
losses from
the regenera­
tor and gasi­
fier reactors, 
achieve inte­
grated pilot 
plant opera­
tion and 
obtain steady- 
state balance 
period.

tor acceptor, ob­
tained vessel heat 
loss data fax both 
reactors.

standleg, agglom­
erates in regenera­
tor.

plugged.

1,200 Batch calcine Batch calcined Plugging of Acceptor lift
regenerator acceptor inven- differential line to re-
acceptor bed tory but steady- pressure taps generator plug-
and then com­
mence accep­
tor circula­
tion. Obtain 
steady-state 
integrated 
pilot plant 
operation.

state operation 
not achieved.
Due to the 
high acceptor 
attrition rate, 
balls of acceptor 
fines forced in 
the regenera­
tor inventory.

and calcined 
acceptor stand-
leg.

ged.

1,000 Batch calcine Batch calcined Plugging of Calcined accep-
regenerator acceptor inven- gasifier boot tor standleg
acceptor bed
and then com­
mence accep-

tory but steady- 
state operation 
not achieved.

inlet gas line, 
continued to 
find agglaae-

plugged.

tor circula­
tion. Obtain 
steady-state 
integrated 
pilot plant 
operation.

pue to the 
high acceptor 
attrition rate, 
balls of acceptor 
fines formed in 
the regenera­
tor inventory.

rates in the 
regenerator.

Added second purge 
to calcined accep­
tor standleg.

Revisions Made
Prior to Next Rm

Revised operating 
procedure:
(1) Continue circula­
ting acceptor during 
calcining period.
(2) Cool regenerator 
to 1600®F in the 
event that acceptor 
circulation is lost.
(3) Limit gasifier 
boot heater to a 
maxi nun of 1500° F. 
Installed "Jim Dandy" 
mixer(a mechanical gas- 
eollds-liquld mixing 
device) at regenerator 
quench tower inlet.

Table 5-1 RUN HISTORIES (continued)



Run
No. Date

Hours
At
Pres.

Hours
At

Temp.

8

Hours 
Without 
Air In 
Gasifier Feed Type

Feed
Rate
LB/HR Purpose

Results and 
Accomplishments

Problems
Encountered

Cause of Revisions Made
Termination Prior to Next Run

13ft 9/28/73- 104 0 Husky Char SOO Determine if Successfully cal- Sulfur corrosion in Iron-nickel sul-
10/3/73 regenerator de­

posits experi­
enced during 
Run 12 could 
be minimized 
by change in 
start-up pro­
cedures and 
obtain steady- 
state inte­
grated plant 
operation.

cined regenera­
tor inventory while 
circulating accep­
tor. Unable to 
achieve desired 
steady-state 
operation.

gasifier boot heat- fide corrosion 
er. Plugging of product plugged 
"Jim Dandy" mixer, recycle gas line 
had to use parallel to gasifier
venturi. boot.

138 10/6/73- 74 2
10/9/73

0 Husky Char 0 Determine if 
regenerator de­
posits experi­
enced during 
Run 12 could 
be minimized 
by change in 
start-up pro­
cedures and 
obtain steady- 
state inte­
grated plant 
operation.

Successfully cal­
cined regenera­
tor inventory while 
circulating accep­
tor. Unable to 
achieve desired 
steady-state 
operation.

Sulfur corrosion 
in gasifier heat­
er and plugging 
of "Jim Dandy" 
mixer.

Iron-nickel 
sulfide corro­
sion product 
again plugged 
recycle gas 
line to gasi­
fier boot.

Changed operating 
procedure:
(1) Natural gas 
will be used to cal­
cine initial accep­
tor inventory.
(2) CO and H in 
regenerator recycle 
will be limited to 
a maximum of 5%.
(5) Gasifier boot 
heater outlet tempe­
rature limited to 
a maximum of 600°F.

Table 5-1 RUN HISTORIES (continued)
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Run
No. Date

Hours
At

Pres.

Hours
At

Temp.

Hours 
Without 
Air In 
Gasifier Feed Type

Feed
Rate
LB/HR Purpose

Results and 
Accomplishments

Problems
Encountered

Cause of Revisions Made
Termination Prior to Next Run

14A 10/25/73-
10/30/73

128 30 0 Husky Char 0 Obtain steady- 
state Integra-

Successfully cal­
cined regenerator

"Jim Dandy" mixer 
continued to plug.

Plug in char trans­
fer line from gasi-

ted pilot plant 
operation per­
iod for which 
heat and mate­
rial balances 
can be cal­
culated.

inventory using nat­
ural gas as fuel 
and minimized re­
generator deposits. 
Successfully cir- 
culated calcined 
acceptor for 20 
hours. The ini­
tially soft cal­
cined acceptor 
became hard 
after several 
calcination-re- 
carbonation 
cycles.

Gasifier boot re­
cycle gas heater 
partially plugged. 
Tube ruptured in 
gasifier side 
flow heater dur­
ing first startup. 
Char grinding was 
ui reliable.

fier to regene­
rator.

14B 11/7/73- S3 0
11/9/73

0 Husky Otar 0 Obtain steady- 
state integra­
ted pilot plant 
operation per­
iod for which 
heat and mate­
rial balances 
can be cal- 
culated.

Objectives not 
met due to 
early riai terrai 
nation.

Tube ruptured Replaced coils in
in regenerator gasifier boot heat-
air heater. er. Installed zinc

oxide sulfur re­
moval system. Chang­
ed operating pro­
cedure to start 
with dead-burned 
dolomite as a means 
of controlling agglom­
eration in regenera­
tor. Replaced coil 
in regenerator air 
heater with coil 
from devolatilizer 
boot heater.

Table 5-1 RUN HISTORIES (continued)



Homs
Hours Hows Without 

Ron At At Air Ira
ifo, Bate Pres. Teap. Gasifier Feed Type

Feed
Rate
LB/HR Purpose

Results and Problems Cause of
Accowp listoents Encotmtered Termi nation

ISA 12/15/75- 324 4
12/29/73

1S1 12/29/73- 48 10
12/30/73

0

0

Sulfur attack in Mo problems era- 
gasifier recycle gas coiaitered. 
beaters was eliminat­
ed due to the success­
ful operation of a 
new 2n0 sulfur re­
moval system. Obtain­
ed balance period 
for gasifier opera­
tion using Husky 
Char for feedstock.

Husky Char 800

Pxeoxidized 1,000
Velva Lig­
nite

Operate gasi­
fier reactor 
only (no accep­
tor circula­
tion) and esta­
blish a base 
set of opera­
ting condi­
tions using 
Husky char as 
feedstock.
Base condi­
tions will be 
used to com­
pare Husky 
char with 
Velva lignite. 
Test opera­
tion of ZflO 
unit for 
removing sul­
fur from the 
gasifier re­
cycle gas.
Obtain balance 
period using 
Velva lignite 
with 5 per­
cent pre- 
oxidation.

Obtained stable 
balance period 
using preoxidized
Velva lignite.

No problems en­
countered.

No shutdown.

No shutdown.

Revisions Made
Prior to Next Rim

Table 5-1. RUN HISTORIES (continued)



Run
Hours
At

Hours
At

Hours
Without
Air In

Feed
Rate Results and Problems Cause of Revisions Made

No. Date Pres. 1S2E.- Gasifier Feed Type LB/HR Purpose Accomplishments Encountered Termination Prior to Next Run

ISC 12/30/75- 48 18
1/1/74

16 1/14/74- 196 124
1/23/74

0

8

RaW Velva 
Lignite

Husky Char

1,300 Determine if 
non-preoxided 
raw Velva lig­
nite is a 
suitable gasi­
fier feedstock

Obtained stable bal- No problems en- 
ance period using countered, 
raw (preoxidization 
not required) Velva 
lignite as feed­
stock. No opera­
ting problems ex­
perienced. Deter­
mined that gasi­
fier operating 
conditions were 
sufficient to in­
sure that all 
volatile materials 
In the lignite 
are cracked to 
methane, hydrogen 
and carbon oxides 
and that no tars 
or oils are pro­
duced.

Scheduled shut­
down, gasifier 
operation only.

1,200 Test new
start-up pro-’, 
cedure using 
dead-burned ■ 
dolomite for- 
the initial 
regenerator 
inventory.

New start-up pro­
cedure success­
fully reduced re­
generator depo­
sits and cal­
cined acceptor 
bed fines.
Successfully main­
tained inte­
grated plant 
operation with 
acceptor circu­
lation for 125 
hours. Acceptor 
circulation sup­
plied gasifier 
heating requirements 
for over 8 hours.
Obtained 4 hour steady-state balance period.

"Jim Dandy" mixer 
plugged. Erosion 
of acceptor en­
gager pot inter­
nals.

Hot spot on 
acceptor lift 
line.

Modified acceptor 
engager pot and 
lift line.

Table 5-1 RUN HISTORIES (continued)



Run
Hours
At

Hours
At

Hours 
Without 
Air In

Feed
Rate

No. Date Pres. Temp. Gasifier Feed Type LB/HR Purpose

17A 2/22/74-
3/2/74

202 56 0 Husky Char 1,300 Achieve long­
term stable 
integrated 
plant opera­
tion.

Results and 
Accomplishments

Problems
Encountered

Cause of 
Termination

Revisions Made
Prior to Next Rm

The failure of the 
B-201-IIIA gasi­
fier recycle heat­
er prevented obtain­
ing objectives.
The rm provided 
the second success­
ful demonstration 
of the new start- 
up procedure 
tested in Rm 16.

Continued plugging 
of "Jim Dandy" 
gas mixer.

Gasifier recyle 
gas heater con­
vection tube 
rtptured.

Increased diameter 
of "Jim Dandy" 
mixer from 3 inches 
to 4 inches.

178 3/19/74- 324 158
mm

16 Husky Char 1,200 Achieve long­
term stable 
integrated 
plant opera­
tion.

Achieved 158 hours Continued plugging Operator error 
of integrated plant of "Jim Dandy" depressured
operation, 72 hours mixer. system,
of fresh acceptor 
make up and 16 
hours of gasifier 
operation during 
which the circu­
lating acceptor 
siyplied the gasi­
fier heat require­
ments. First time 
gasifier char bed 
temserature main­
tained at the 1500- 
1520°F level with­
out the use of air 
injection.

Removed "Jim Dandy” 
mixer and installed 
second venturi in 
parallel with exist­
ing venturi.

Table 5-1. RUN HISTORIES (continued)



Run
No. Date

Hours
At

Pres.

Hours
At

Temp.

Without 
Air In 
Gasifier Feed Type

Feed
Rate
LB/HR Purpose

Results and
Accono lishments

Problems
Encountered

Cause of 
Termination

18 4/19/74-
4/29/74

234 156 14 Husky Char 1,300 Achieve long- 
term inte­
grated plant

The rim ended before 
truly steady-state 
operating conditions

Plugging of 
gasifier quench 
system.

Acceptor lift 
gas heater tube 
ruptured.

operation. could be achieved.
Demonstrated that 
steam addition to 
the recycle gas flow 
used to fluidize the 
boot acceptor would 
eliminate the car- 
boriration attack 
of the boot recycle 
gas heaters.

19 6/5/74- 517 203
7/17/74

9 Velva 1,850 Achieve long­ Demonstrated that Leaks in expan­ Leak at expan­
Lignite term inte­ raw lignite could sion joints, Pro- sion joint on

grated plant be used as a gasi­ lems in lignite gasifier side
operation. fier feedstock with grinding section. flow line.

the plant operating electrical fail­
in a totally inte-> 
grated manner. Fed 
Velva lignite to 
the gasifier for
150 hours. Heat 
and material bal­
ance data obtain­
ed for 3 sets of 
operating condi­
tions .

ures and leaks.

Changed operating 
procedure, "put 
steam in gasifier 
boot heater as a 
means of control­
ling heater tii>e 
corrosion.

Revisions Made
Prior to Next Rim

Installed second 
acceptor make-up 
lockhopper in series 
with first.

Table 5-1 RUN HISTORIES (continued)



Hours Hours
Run At At
No, Date Pres. TemP-

20 8/2/74- 228 87
8/19/74

21 8/30/74- 355 251
9/15/74

Hours 
Without 
Air In
Gasifier Feed Type

38 Velva
Lignite

171 Velva
Lignite

22A 9/20/74- 120 20
9/27/74

0 Velva 
Lignite

Feed
Rate
LB/HR Purpose

2,300 Achieve long­
term inte­
grated plant 
operation.

2,500 Maintain ex­
tended steady- 
state opera­
tion.

2,500 Achieve long­
term inte­
grated plant 
operation.

Results and 
Accomplishments

Problems
Encountered

Cause of 
Termination

Revisions Made
Prior to Next Run

Successfully sim­
plied all gasifier 
heat requirements 
with acceptor cir­
culation for a 
total of 38 hours.

No serious prob­
lems encountered.

Gasifier inter­
nal cyclone 
fell.

No changes made. 
Repairs to cyclone 
made.

Achieved 251 hours 
of integrated 
plant operation; 
high acceptor 
activity achiev­
ed; produced syn­
thesis gas that 
did not require 
shift conversion 
before methanation. 
Acceptor provid­
ed gasi fier heat 
requirements for
171 hours.

Leaks in expansion 
joints due to 
chloride attack.

Acceptor inter­
face lost dire 
to build-up of 
intermediate 
fines.

Installed gasifier 
char removal sys­
tem. Ordered new 
expansion joints 
made of Incoloy
825.

Demonstrated use 
of 100% steam for 
boot acceptor 
fluidization.

Leaks in expansion 
joints again.

Lost interface 
due to deposit 
in gasifier 
boot, too rapid 
exchange of steam 
for recycle.

Replaced refractory 
in regenerator. 
Increased diameter 
of calcined acceptor 
standleg from 4 
inches to 6 inches. 
Installed new bubble 
cap distributor 
in boot.
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2 
|»
?

Stoffirs
Bums Horas Without
At At Air In

Sato Fa«s, Teap. Gasifier Feed Type

11/22/74- 16® 2® 0 Velva
11/30/74 Lignite

22C 12/13/74- 174 64 7.S Velva
12/22/74 Lignite

Red
fta£®
LB/HR Purpose
1,600 Adiieve long-

tern inte­
grated plant 
operation.

2,000 Adiieve long- 
tern inte­
grated plant
aeration.

Results and Probless
Aecoatilisltaeilts Encotatered

First aeration of Gasifier quench 
diar renoval systen, toner level con- 
troiilesose but trol froze,
pronising; new gasi­
fier boot gas distri­
butor perforned well.

Obtained extensive No najor problems 
data for correlating occurred.
lift line pressure 
drq> with acceptor 
circulation rate.

Cause of
Termination

Leak in expan­
sion joint 
bellows.

Low boot flow 
apparently 
caused strati­
fication of 
solids in boot 
which in turn 
plugged accep­
tor lift line.

23 1/7/75- 577 223
2/5/75

97 Velva
Lignite

2.70® Adiieve extended Higher boot gas
operation with Velocities used
1001 steam to successfully to
hoot. throve interface

control, smooth 
operation with 70- 
75% steam in 
boot. Char removal

Breakdowns in 
the lignite 
grinding sec­
tion caused 
two delays dur­
ing the run.

system was used to 
effectively control 
the build up of in­
termediate fines. 
Source of intermediate 
fines material 
determined.

Hot spot on 
acceptor lift 
line.

Table 5-1. RUN HISTORIES (continued)

Revisions Made 
Prior to Next Rm

Replaced all expan­
sion joint bellows 
with new bellows 
made of Incoloy 825 
which is less sus­
ceptible to chloride 
attack.
Changed operating 
procedure, set 
minimum on boot 
flow.

Replaced lift line 
slip joint section, 
found errosion was 
due to misalignment



Hours
Hours Hours Without Feed

Rum At At Air In Rate Results and Prob lens Cause of
No. Date Pres. Temp. Gasifier Feed Type LB/HR Purpose Accomplishments Encountered Termination

24 2/21/75- 286 150 0 Velva 2,800 Extended opera- Methodical removal Restriction in re- Plug at inlet of
3/14/7S Lignite tion with 100% of air and recycle generator recycle gasifier quench

steam to boot. gas from gasifier gas heater. tower,
resulted in smooth­
est plant operation 
to date; char re­
moval system 
successfully used 
in removing inter­
mediate fines from 
gasifier.

25 3/31/75- 327 1 21
4/10/75

0 Velva
Lignite

3,000 Achieve extend- 'Accomplishment of 
ed operation Run 24 repeated, 
with 100% steam 
to boot.

Plugging of gasi­
fier quench 
venturi, loss of 
regenerator fuel 
char feed result­
ing from pres­
sure upsets 
caused by switch­
ing char removal 
hoppers.

Pressure upset 
caused by 
switching char 
removal hoppers 
de fluidized 
gasifier bed 
and caused 
acceptor to 
agglomerate in 
the transition 
section of 
the gasifier.

Installed venturi 
scrubber and re­
vised gasifier 
quench tower inlet.

Revisions Made
Prior to Next Run

Revised gasifier 
venturi, change of 
char withdrawal 
hoppers from paral­
lel to series. In­
stalled auxiliary 
char feed system 
to regenerator.

Table 5-1. RUN HISTORIES (continued)



Hours
Hours Hours Without Feed

Run At At Air In Rate Results and Problems Cause of Revisions Made
NO. Date Pres. Temp. Gasifier Feed Type LB/HR Purpose Accomplishments Encotmtered Termination Prior to Next Run

26A 5/16/75- 246 126
5/22/75

0 Velva
Lignite

2,700 Achieve extend­
ed operation 
with 100% 
steam to boot.

Newly installed auxi­
liary char fuel sys­
tem added flexibi­
lity to regenerator 
and char transfer 
operation; modified 
(parallel lock- 
hoppers) char re­
moval system opera­
ted successfully; 
new differential 
pressure control 
system on char 
standleg sloped 
section pre­
vented fines plug­
ging in standleg.

High dP on lig­
nite grinding 
system bag house 
severely limited 
grinding capa­
city, continued 
plugging of 
gasifier quench 
system venturi.

Inability to 
transfer dolo­
mite from gasi­
fier to regene­
rator, caused 
by the cal­
cined dolomite 
transfer line 
extension inside 
the regenerator 
falling off and 
lodging in the 
bottom of the 
regenerator.

Replaced dust bags
in 100 area bag 
house, replaced ex­
tension of cal­
cined acceptor re­
turn line, installed 
rod-outs in gasifier 
quench system 
venturi.

26B 6/6/75- 237 132
6/16/75

64 Velva 
Lignite

2,400 Achieve extend­
ed operation 
with 100% steam 
to boot. Im­
provement of 
char transfer 
control and 
operation.

High acceptor acti­
vity (0.4) obtain­
ed; data for study 
on char transfer 
system pressure 
balance obtained; 
char removal sys­
tem control of 
gasifier inter­
mediate fines 
ccm firmed.

Continued plugging 
of gasifier quench 
venturi, fortu­
nately, rod devices 
prevented the pres­
sure drop from be­
coming excessive. 
Restriction of dP 
tap in gasifier 
boot caused accep­
tor level to build 
up into the transi­
tion section.

A power failure 
caused the re­
generator bed. 
to de fluidize 
and the engag­
er pot at the 
bottom of the 
Acceptor, lift 
line to plug.

Revised control of 
gasifier boot inter­
face level.
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27A 6/27/75- 210 54 0 Velva
7/7/75 Lignite

Hours
Hours Hours Without

Run At At Air In
Mo. Data Pres. Temp. Gasifier Feed Type

27B 7/15/75- 126 16 0 Velva
7/22/75 Lignite

27C 7/25/75- 408 243 65 Velva
8/11/75 Lignite

Feed
Rate
LB/HR Purpose

Results and 
Accomplishments

Problems
Encountered

Cause of 
Termination

2,400 Achieve extended " Premature:'shut- No problems en- Power failure
operation with 
100% steam to

down precluded 
any significant

cotsitered. shut down comp­
ressors which

boot; obtain 
balance periods 
to study effects 
of process 
variables.

res ajlts. in turn de flui­
dized gasifier 
and regenera­
tor beds re­
sulting in a 
plugged en­
gager pot be­
low the re­
generator.

2,100 Achieve extended Premature shut- High dP on lig- Regenerator
operation with down precluded nite grinding bed became de-
100% steam to any significant system bag house. fluidized and
boot; obtain . 
balance periods 
to study effects 
of process 
variables.

results. Experienced after­
burning in, 
regenerator.

acceptor lift 
line plugged 
while reducing 
gas velocity in 
an attempt to 
eliminate 
afterburning.

2,500 Achieve extended 100% steam to Experienced qp- Loss of regene-
operation with boot attained for sets due to opera- rator fuel char
100% steam to 25 hours before tion of char with- control due to
boot; obtain non-process pro- drawal system. weld failure
balance periods blem forced shut- Accidental boil- on LCV-2002
to study effects 
of process 
variables.

down; char re­
moval system con­
trolled gasifier 
intermediate 
fines over ex­
tended (10 day) 
run period.

er shutdown. butterfly.

Installed a tiae 
delay system to 
automatically close 
all solids valves 
after a power fail­
ure of two seconds 
or greater duration. 
Installed sample tap 
in transition of 
gasifier. Revised 
gasifier interface 
cont ro1.

Ho major revisions.

Revisions Made
Prior to Next Run

Revised operating 
procedure for char 
withdrawal system. 
Removed primary 
steam orifices and 
shipped to testing 
laboratory for 
calibration. Switched 
to Minnekahta limestone 
acceptor.
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Run
No. Date

Hours
At
Pres.

Hours
At

Temp.

Hours 
Without 
Air In 
Gasifier Peed Type

Feed
Kate
LB/HR Purpose

28A 8/26/75- 134 64 0 Velva 2,200 Demonstrate
9/1/75 Lignite plant opera­

bility with 
the new Mim- 
nekahta lime­
stone and with 
100% steam to 
boot; obtain 
extended bal­
ance period 
data.

28B 9/12/75- 360 293 236 Velva 2,250 Demonstrate
9/27/75 Lignite plant opera­

bility with 
the new Min­
nekahta lime­
stone and with 
100% steam to 
boot; obtain 
extended bal­
ance period 
data.

Results and 
Accomp11shments

Problems
Encountered

Cause of 
Termination

Revisions Made
Prior to Next Run

Minnekahta lime- Ho problems en- Gasifier boot Installed more
stone used suc­
cessfully in plant 
with Velva lig­
nite feedstock.

countered. became de fluidi­
zed when a por­
tion of the 
fluidizing 
steam appa­
rently by­
passed the 
boot through 
the spent 
acceptor lock- 
hopper.

sensitive instru­
mentation to de­
tect condition of 
spent acceptor 
iockhopper opera­
tion.

Limestone used Momentary brid- Upset was appa- Increased the dia-
successfully with ging of the rently trig- meter of the low-
85 hours of 100% acceptor in the gered by a er acceptor stand-
steam in boot; gasifier boot plug in the leg from 4 inches
12 day plant at the point lower acceptor to 6 inches. Chang-
operation; two where the low- standleg ed lower acceptor
balance periods er acceptor sample tap and standleg and char
of 33 and 40 standleg, CD- purge tap. Sub- standleg purges
hours obtained. 204, enters 

the boot caus­
ed the acceptor 
withdrawal from 
the boot to 
become erratic 
at times.

sequently, the from 200 PSIG re-
acceptor stand- cycle gas to 300 
leg opening in PSIG inert gas.
the gasifier 
boot began to 
bridge again, 
ultimately re­
sulting in a 
plug in the 
upper section of 
the standleg which 
could not be 
dislodged.
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Hours
Hours Howes Without

Ron At At Air In
Ho. Bate Pres. Tenp. Gasifier Fee4 Type

Feed
Rate
LB/HR Purpose

Results and Problem Cause of Revisions Made
AceoupHshwents Encountered Termination Prior to Next Rim

29A 10/16/7S- 159 27
10/25/75

0 Velva
Lignite

2,250 Operate plant Pxeaature shutdown 
at steady-state precluded any sig- 
for seven days nificant results, 
with no air in 
the gasifier; 
operate metha- 
natitm suit for 
first tine.

Loss of regenera- Ruptured coil in 
tor fuel char due B-205 (regener- 
to plugged t^) on ator lift gas) 
lignite locRh(qsper heater. 
dP pressure 
controller.

Installed new 
Incoloy 800 coil 
in B-205 heater. 
Increased the length 
of the dip tube in 
F-222 (acceptor 
engager pot) by 5 
inches.

29B 11/7/75- 244 109
11/17/75

30 11/27/75- 232 188
12/7/75

Velva 2,275 Operate plant ttethanation mit Operation of the The purged accep­ Installed blinds in
Lignite at steady-state brought onstream — reject acceptor tor withdrawal lines to isolate the

for seven days for first time and Iockhopper and line became plug­ regenerator from
with no air in operated success­ the char removal ged. A high the gasifier for
the gasifier; fully for 48 Iockhopper occa­ differential Run 30.
operate netha- hours. sionally upset pressure across
nation unit for plant operation. the gasifier
first tine. boot distri­

butor develop­
ed while attemp­
ting to unplug 
this line which 
profited the 
decision to 
terminate the
run.

Husky 325, Obtain heat and Three data bal­ Ho problem Scheduled shut­ Installed external
□tar 388, material balance ance periods encountered. down, regene­ cyclone on gasi­

428 data for an iso- were obtained; rator opera­ fier overhead
lated regenera­ the turbine tion rally. gas line.
tor so the test mit was
vessel heat successfully
losses can operated for
again be 127 hours with­
determined; 
test opera­
tion of the 
Elliot turbine 
blade test 
mit.

out problems.
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K>

Run
Mo.
31

Date
12/9/75-

12/28/75

Hours
At

Pres.
Hours
At

Isss.-

Hours 
Without 
Air In 
Gasifier Feed Type

Feed
Rate
tB/HR Purpose

469 352 0 (l)Husky (1)1.275 By operating
Char (2)1,530 the gasifier
(2)Pre- (3)1,575 as at isola-
oxidized (4)1,575 ted vessel.
Westmore- test suita-
land bility of
Sarpy using sub-
Creek bituainous
SiJjbitu- coals for
minous process
(3)Mon-pre feedstock.
oxidized
Westmore­
land
Sarpy Creek
Stfebituainous Coal 
(4)Mon-preoxidized 
Wyodak Stfebittminous 
Coal

Results and
Accomplishments

Problems
Encountered

Cause of Revisions Made
Termination Prior to Next Run

Three stl>bitis«i- Ho problems en- Scheduled shut- None
nous coals were cotsitered. down, gasifier
tested and deter- operation only,
mined to be suita­
ble gasifier feed­
stock; preoxida­
tion of the coal 
»as determined 
to be tmnecessary; 
coal feeders were 
calibrated at opera­
ting conditions.

32 1/3/76- 224 59
1/13/76

Glenharold 1,470 Detendne The rm results Gasifier opera­ Hot spots in Moved reject accep­
Lignite suitability indicated that tion only. Sub­ the gasifier i tor withdrawal

of using ned- Glenharold lig­ zero weather bed developed point froa the
itra sodiun nite would be caused a three when steam botton of the gasi­
content a suitable day curtail­ flow was re­ fier boot to a
Glenharold lig­ feedstock. ment of natu­ duced in an side nozzle on the
nite as gasi­ ral gas. effort to in­ regenerator. In­
fier feedstock hibit kine­ creased the diameter
(isolated gasi­ tics. of the upper sloped
fier operation). section of the re­
(Approximately 1 generator fuel char
week of steady- standleg froa 3 in­
state operation.) dies to 4 inches.

Replaced aetal cone 
sections of the slip 
joints on the accep­
tor lift line''CD-208) 
with ceraaic cone

Table 5-1 RUN HISTORIES (continued)
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km
No. Date

Hours
At

Pres.

Hours
At

Temo.

Hours
Without
Air In
Gasifier Feed Type

Feed
Rate
LB/HR Purpose

Results and
Accomplishments

Problems
Encountered

Cause of 
Termination

Revisions Made 
Prior to Next Run

32 Cont. sections. Replaced 
cracked cast iron 
base of 100 area 
roller mill with a 
steel base.

33A 1/23/76- 174 67
1/30/76

338 2/5/76- 416 291
zmm

10 Velva 2,100 Technical feasa- Premature shutdown None Gasifier boot None.
Lignite bility of the precluded any signi­ heater went

process is to 
be proven, 
using Velva 
lignite; 
methanation 
wit is to 
produce syn­
thetic natu­
ral gas.

ficant results. down and could 
not be immedia­
tely restarted. 
During this 
period the 
gasifier boot 
gas cooled and 
the boot be­
came defluidi- 
zed which caused 
a plug near 
the spent accep­
tor outlet line.

249 Velva 2,700 Technical feasa- Technical fieasa- Valves below Mechanical fail®. Installed a shorter
Lignite bility of the bility of pro­ F-204B, lig- ure of calcined nozzle on the cal­

process is to cess proven: over nite Iockhopper, acceptor stand- cined acceptor
be proven. 8 days operation developed a leg prevented standleg (CD-206).
using Velva producing syn­ leak which in- transfer of cal- New nozzle does not
lignite; thetic natural ternpted lig- eined acceptor extend into the
methanation gas, with all gasi­ nite feed. from the re­ regenerator bed. In­
unit is to fier heat duty sup­ generator to stalled a new coil
produce syn­ plied by circu­ the gasifier. in B-201-IIA, gasi­
thetic natu­ lating acceptor. fier boot heater.
ral gas. 100% steam to boot.

and 6 day steady- 
state balance per­
iod; new F-228 lock- 
hopper system opera­
ted successfully to 
reliably remove spent 
acceptor and control 
intermediate fines level.

Table 5-1. RUN HISTORIES (continued)
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Run
No. Date

Hours
At
Pres.

Hours
At

Temp.

Hours 
Without 
Air In 
Gasifier Feed Type

Feed
Rate
LB/HR Purpose

Results and
Accomplishments

Problem
Encomtered

Cause of
Termination

Revisions Made
Prior to Next Run

34A 3/17/76-
3/22/76

108 13 0 Glenharold
Lignite

2,300 Demonstrate 
plant opera-

Premature shutdown 
precluded any signi-

None A hot spot de­
veloped on the

Repaired hot spot 
on acceptor lift

tion using 
high sodiua 
content Glen­
harold lig­
nite; opera­
tion of snetha- 
nation unit.

ficant results.
line, CD-208. 
The hot spot 
Has found to

line. _._r____
gas distributor 
ring and connecting 
line in reeenerator.

34B 3/26/76- 144 51
4/1/76

14 Glenharold 2,300 Demonstrate 
Lignite plant opera­

tion using 
high sodium 
content Glen­
harold lig­
nite; opera­
tion of oetha- 
nation uiit.

Premature shutdown 
precluded any signi­
ficant results.

Transfer was 
blocked by a 
plug in the 
lower acceptor 
standleg and 
was cleared.
The regenerator 
acceptor and 
spent acceptor 
sample stations 
were both m- 
plugged. Plug­
ging problems 
were encountered 
in the ground 
coal scalping 
screen oversize 
line. Acceptor 
transfer from 
the boot was re­
duced due to up­
set in the boot.

An tyset occur­
red in the 
boot resulting 
in loss of 
acceptor trans­
fer from the 
boot. Transfer 
could not be 
regained.

After more than 
three years of 
service, replaced 
cone bottom of 
regenerator exter­
nal cyclone due to 
metal erosion. In­
stalled a new K.O. 
pot on the suction 
line to gasifier 
recycle compressors. 
Installed a level 
probe in the lower 
acceptor feed 
Iockhopper.

Table 5-1 RUN HISTORIES (continued)
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Hours Hours Without

Run At At Air In
No. Date Pres. Temp. Gasifier Feed Type

Feed
Rate
LB/HR Purpose

35 4/13/76- 281 176
4/25/76

25 Glenharold 2,270 Demonstrate 
Lignite plant opera­

tion using 
high sodium 
content Glen­
harold lignite; 
operation of 
methanation 
wiit.

36 5/6/76- 169 83 52 (1) Velva (1)2,130 Demonstrate
5/13/76 Lignite (2)2.760 nett start-ip

(2)Glenharold procedure for
Lignite use with Glen­

harold lignite; 
attain two 
day balance 
period opera­
tion .

Results and Problems Cause of
Accomplishments Encountered Termination

Despite 103 hours 
of lignite feed, 
the run did not 
conclusively de­
monstrate that the 
process is tole­
rant of high sod­
ium coals.

Start-tp pro­
cedure (using 
Velva lignite
when air is 
still in gasi­
fier) proved 
successful in 
eliminating 
gasifier ash 
deposits.

The run was conti­
nually plagued by 
higher than nor­
mal gasifier bed 
densities. Re­
liable fuel char 
transfer was gain­
ed after a system 
leak was repaired 
at a thermocouple 
fitting in the 
char line. Shear­
ed a pin on the 
acceptor feeder. 
Restricted taps 
caused upsets in 
the boot and char 
transfer lines.
A minor unexplain­
ed upset occurred 
in the boot and 
was overcome.
Char transfer was 
lost four times 
due to malfunction 
in the char re­
moval system.

Lignite screw 
conveyor had a 
loose bearing. 
Sticking level 
switch on lig­
nite surge bin. 
Coal scalping 
screen oversize 
line plugged 
continual ly.
Sudden decrease

Acceptor trans­
fer from the 
boot was lost 
and could not 
be regained.

Acceptor trans­
fer from the 
boot was lost 
and could not he 
regained.

None

Revisions Made
Prior to Next Rum

New air distributor
ring was installed 
in the regenerator.

Table 5-1. RUN HISTORIES (continued)
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Hours Hours Without Feed

Run At At Air In Rate
No. Date Pres. Temp. Gasifier Feed Type LB/HR Purpose

36 cont.

Results and 
Accomplishments

Problem
Encountered

Cause of 
Termination

in acceptor trans­
fer due to refrac­
tory entering the 
calcined acceptor 
standleg. Suffer­
ed 8 power outages 
due to high winds.

Revisions Made
Prior to Mext Run

37A S/21/76- 13S 50
S/27/76

378 6/S/76- 195 130
6/14/76

19

68

Rosebud 2,125 Demonstrate Plant operation
Sifcbitu- plant opera­ proceeded smoothly
minous tion using with Rosebud

Rosebud sub- coal feed for 39
bituminous hours, demon­
coal feed­ strating plant
stock; attain operability with
extended bal­ Rosebud siibitu-
ance period 
operation.

minous coal.

Rosebud 2,125 Demonstrate Demonstrated smooth
Subbitu- plant opera­ plant operation
ninous tion using with Rosebud coal

Rosebud sub- feed for 113 hours;
bitiminous 100% steam to
coal feed­ gasifier boot
stock; attain for 33 hours. De­
extended bal­ termined that
ance period coal feedstock
operation. had been conta­

minated with 
ash slag at pow­
er plant stor­
age pile.

Rosebud coal was Apparent plug in No major revisions.
very wet and diffi­ gasifier transi­
cult to grind. tion section due
high dP on lig­ to the high
nite grinding fines content of
system bag the coal feed­
house. stock caused 

loss of accep­
tor transfer 
and could not 
be regained.

Higji dP on lig­ Sustained power Installed old de­
nite grinding failure due to volatilizer cyclone
system bag house. high winds and in gasifier. Modify
Gasifier side rain. regenerator ash re-
flow heater moval system to
coil failed due dump to tote bin
to apparent loca­ in place of slurry.
lized overheat­
ing or creep.

Table 5-1 RUN HISTORIES (continued)
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Hours
Hours Hours Without

Run At At Air In
Ho. Date Pres. Temp. Gasifier Feed Type

Feed
Rate
LB/HR Purpose

Results and Problems Cause of
Accomplishments Encountered Termination

38A 7/5/76- 188 92 0.5 Wyodak 2,160 Demonstrate Process operating Chain broke in the Hie level con­
7/10/76 Stfcbitu- technical ctmditions main­ lignite elevator. trol valve on

minous feasibility of tained for 92 Tore hole in the the interface
process using hours, air remov­ dolomite scalp­ level reached
Wyodak sub- ed from gasifier. ing screen. The over capacity
bituminous 88% of dead-bum- recarbonated for a short
coal feedstock. ed dolomite in­ acceptor sample duration caus­

ventory changed station was plug­ ing the inter­
out, Wyodak ged during the run. face to rise
coal fed for 88 into the tran­
hours. sition section. 

A bridge then 
formed in the 
transition sec­
tion causing 
loss of accep­
tor transfer 
from the boot 
which could 
not be re­
gained.

3SB 7/20/76- 152 65
7/27/76

Wyodak 2,150 Demonstrate Rot progressed Oversired char Several large
Subbitu- technical to similar state hindered the pieces of
minous feasibility of 

process using 
Wyodak sub- 
bituminous 
coal feedstock.

as in 38A. ability to set 
the char inter­
face and also 
establish char 
transfer.

agglomerated 
acceptor en­
tered the low­
er acceptor 
standleg and 
lodged on the 
valve causing 
loss of trans­
fer from the 
boot which 
could not be 
regained.

Enlarged interface 
level control valve 
from four inches 
to five inches. En­
larged nozzle in 
engager pot to 
six inches.

Revisions Hade
Prior to Mext Run

None

Table 5-1. RUN HISTORIES (continued)
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No. Date

Hours
At

Pres.

Hours
At
Temp.

Hours 
Without 
Air In 
Gasifier Feed Type

Feed
Rate
LB/HR Purpose

Results and 
Accomplishments

Problems
Encountered

Cause of 
Termination

Revisions Made 
Prior to Next Run

38C 7/31/76-
8/28/76

375 236 0 Wyodak
Siijbitu-
minous

2,530 Demonstrate 
technical 
feasibility of

Planned and volun­
tary shutdown pro­
ceeded smoothly;

A le'ak was discov­
ered in the regene­
rator overhead

Planned shutdown. A manual shutoff 
valve was installed 
in the char stand-

process using 
Wyodak sii>- 
bituminous 
coal feedstock.

brief balance per­
iod was obtained; 
the circulation 
rate of aged 
acceptor was 
directly measu­
red.

line and was re­
paired. A deposit 
of char in the lower 
CD-204 spool piece 
burned and heated 

the pressure shell to 
over 400°F. A large 
piece of refractory 
blocked the acceptor 
lift line in the regene­
rator causing a flow 
reversal in the lift 
gas. The line to the

leg. Installed a 
new char screw con­
veyor to transfer 
char from storage 
to Redler con­
veyor.

spent acceptor lock- 
hopper was plugged 
apd had to be cleared. 
Could not immediately 
initiate char transfer 
through the char lift 
line due to a plug 
which was removed.
Problems with bag 
house caused plant 
to go on hold con­
ditions twice. A 
restriction in the
lower acceptor stand- 
leg caused the inter­
face to rise into 
the transition 
section.

Table 5-1 RUN HISTORIES (continued)
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Hours
Hours Hours Without
At At Air In

Date Pres. Temp. Gasifier Feed iype

Feed
Rate
LB/HR Purpose

Results and Problems Cause of Revisions Hade
Aceoap lishments Encountered Termination Prior to Next tot

cont. Interface had to 
be blown way. The 
interface was easily 
recovered. The auxi­
liary fuel char con­
tained a large amoint 
of clay.

39 9/17/76- 371 192 162 Glenharold 2,560 Demonstrate
10/4/76 Lignite plant opera-

tion with 
■ediia-to- 
high sodiua 
content Glen­
harold lig­
nite; eval­
uate opera­
tion with 
reduced steam 
partial pres­
sure in the 
gasifier 
boot.

40A 10/22/76- 138 65 0 Texas 2,440 Demonstrate
10/28/76 Lignite plant opera­

tion with 
Texas lig­
nite feed­
stock.

Plant cperdbility The re carbonated The secondary The char removal
with mediuii-t©- acceptor control regenerator system was removed
high sodii* con­ valve had to be cyclone de­ from the system.
tent lignite was removed and re­ veloped leak €0, addition changed
clearly demon­ paired. Plant due to erosion from side flow to
strated; reduced put on hold due which was too boot flow.
steam partial pres­ to loss of city severe to re­
sures in the water supply. pair while
boot and elimi­ The regenerator operating the
nated boot accep­ cyclone develop­ plant. Shut­
tor deposits; ed leaks. Pres­ down was
gasifier char sure taps plugged orderly.
bed density was sending false
controlled by new signals which drain-
procedures; metha­ ed the boot. Brief
nation mit was boi ler shutdown
operated for two caused loss of
days. steam flow.
Plant operated None A loss of pow­ None
for 55 hours with er caused the
Texas lignite regenerator bed
feed. to sluap. The 

bed could not 
be refluidized.

Table 5-1. RUN HISTORIES (continued)
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No. Date

Hours
At
Pres.

Hours
At

ISSSL-

Hours
Without
Air In 
Gasifier Feed Type

Feed
late
LB/HR Purpose

Results and 
Accomplishments

Problems
Eneouttered

Cause of 
Tendnaticm

Revisions Made
Prior to Next Run

40B 11/10/76- 292 194 0 Texas 2,550 Achieve steady- Plant operated sue- The main air com- The dip tti»® of The new refractory
11/21/76 Lignite

ro
41A 12/10/76- 153

12/18/76
31 Wyodak

Stfcbitu*
sainous

state plant 
operation with 
Texas lignite
feedstock and 
air injection

cessfully at speci­
fied conditions 
with Texas lignite 
feedstock; two bal­
ance periods were

to the gasifier; obtained; Velva

2,160

test use of 
Velva lignite 
as auxiliary 
fuel to the 
regenerator.
Denonstrate 
technical 
feasibility of 
process using 
Wyodak sifc- 
bittadnous 
coal; test the 
new refractory- 
lined acceptor 
lift line; 
test use of 
Wyodak sdt»- 
bituainous coal 
as auxiliary 
fuel to the 
regenerator.

lignite proved 
acceptable as 
auxiliary fuel.

No problem were 
experienced with 
operation of the 
new acceptor lift 
line; an inspec­
tion of the line 
after the rm re­
vealed the line 
to be in excel­
lent condition; 
Wyodak subbitu- 
mnous coal 
proved acceptable 
as auxiliary 
fuel.

pressor had to be
shot down once to 
repair the rings 
and once to re­
place the brush­
es in the elec­
tric motor. In- 
strunent lines 
froze on several 
occasions.

None

the internal 
gasifier cyclone 
fell off and 
lodged in the 
boot causing 
the gas to 
travel tp the 
tube in place 
of the bed.

Transfer thro­
ugh the recar­
bonated accep­
tor control
valve was lost 
and could not 
be regained. 
Inspection show­
ed that a small 
amount of dead- 
burned dolo­
mite which 
agglomerated In 
a dead area aider 
the boot distribu­
tor became dislodged 
and blocked the 
entrance to the 
standleg.

acceptor lift line 
and a new ring 
type boot distribu­
tor were installed.

The dead area imder
the boot distributor 
was filled in with 
refractory.

Table 5-1 RUN HISTORIES (continued)
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Hours
Hours Hours Without Feed

Run At At Air In Rate Results and Problems
No. Date Pres. Temg.. Gasifier Feed Type LB AIR Purpose Acconp lishments Encountered

12/22/76- 133 71 36 Wyodak 2,250 Demonstrate Again, acceptor lift TcNone
12/29/76 Svhbitu- technical line was in excellent

minous feasibility of condition after the
process using rim and Wyodak sub-
Wyodak sub- bituminous coal
bituminous operated success­
coal; test the fully as auxiliary
new refractory- fuel.
lined acceptor 
lift line;
test use of 
Wyodak sub- 
bituminous coal 
as auxiliary 
fuel to the 
regenerator.

■

42 1/79/n- 296 174
mvn

146 Velva
Lignite

2,350 Operate re­
generator us­
ing only air 
for acceptor 
fluidization 
(no recycle 
gas, in the 
acceptor lift 
line); dem­
onstrate re­
generator opera­
tion with a 24- 
inch inside dia­
meter and l-3i 
0) in regene­
rator overhead 
gas.

Demonstrated use 
of 100% air in 
acceptor lift 
line. Demon­
strated regene­
rator operation 
using air alone 
to fluidize accep­
tor inventory.
TV/o steady-state 
balance periods 
were obtained; 
the reduced dia­
meter regenera­
tor operated 
well; no deposits 
were formed under 
the reducing at­
mosphere.

Cold weather
caused some in­
strument lines 
to freeze. One 
upset resulted 
from a sudden 
loss of boot 
flow. The in­
terface was 
destroyed and 
regained and 
the unit lined 
out. Another 
ipset occurred 
when the re­
generator vent 
valve plugged. 
Troth le was ex­
perienced with 
regenerator 
quench tower

Cause of 
Termination

The run ended 
during attempts 
to regain the 
interface after 
it had been pur­
posely destroy­
ed. The inter­
face was des­
troyed due to 
its instability 
resulting from a 
low acceptor 
particle density.

Planned shut­
down.

The regenerator in­
ternal diameter was 
reduced from 33 
inches to 24 inches. 
Installed air nozzle 
in regenerator for 
future use.

Revisions Made
Prior to Next Run

Replaced B-205 heater
coil. Coil had de­
teriorated due to 
stress corrosion
caused by sulfur 
attach.
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Hours Hours Without Feed

Rim At At Air In Rate
Ho. Date Pres. 125L- Gasifier Feed ’Vpe LB/HR Purpose

Results and Problems Cause of
Accomplishments Encountered Termination

42 cont. plugging due to 
s widen carryover.

43A 3/1/77- 192 127
3/11/77

438 3/28/77- 282 115
4/10/77

S3 Velva 2,380 Operation of . The acceptor lift Rm delayed dm A four hour loss
Lignite the regenerator line operated to bag home pro­ of electrical

was to be asses- satisfactorily blems. power.
ed under oxidi­ with 100% air;
zing , neutral. methanation mit
and reducing was operated for
conditions; ex­
clusive use of 
air in the re­
generator and 
in the acceptor 
lift line was 
to be tested 
further.

66 hours.

66 Velva 2,200 Operation of The acceptor lift The coal grind­ A plug formed
Lignite die regenerator line operated sati- ing area couldn't in the overhead

was to be asses- factorily with 100% keep tf> with transfer line
ed under oxidi­ air; demonstrated gasification area between the
zing, neutral. regenerator opera­ dm to extremely gasifier and
and reducing tion using air . wet coal. the acceptor
conditions; ex­ alone to fluidize flow control
clusive use of acceptor invent­ valve.
air in the re- ory.
generator and 
in the acceptor 
lift line was 
to be tested 
further.

Revisions Made
Prior to Next Run

The calcined acceptor 
standleg was replac­
ed because of bends 
in the line. En­
larged calcined 
acceptor flow control 
valve from 4" to 
5".

None.
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Hours
Hours Hours Without Feed
At At Air In Rate

Pres. Temp. Gasifier Feed Type LB/HR Purpose
Results and Prob lens Cause of

Accoap lishments Encomtered Tend, nation

44A 4/20/77- 220 114
ni mm

Wyodak 2,000 Demonstrate Stable 12 hours The unit was de­ The interface
Subbitu- technical balance period press ured to re­ mixed in the
minous feasibility obtained with move a plug in boot due to low

of process 100% air to the the char lift bojt flow needed
using Wyodak regenerator and line. The unit to keep char bed
subbituminous 100% steam to the was dumped and density down. The
coal feedstock 
with Minne­
kahta lime­
stone acceptor; 
demonstrate 
regenerator 
operation tnder 
neutral and 
oxidizing 
conditions.

gasifier. depressured to 
repair the in­
let valve to re­
ject acceptor 
hopper. Low 
acceptor parti­
cle density.

interface was
blown away and 
could not be 
regained.

44B S/10/77- 146 83
S/16/77

Wyodak 2,100 Demonstrate The mm results Low acceptor The interface
Sii>bitu- technical demonstrated that particle den­ was lost when
ndnous feasibility Minnekahta lime­ sity. acceptor quit

of process stone and Wyodak falling into
using Wyodak sii>&ituminous coal the boot causing
sii>bitimunous cannot be ised to­ the bed level to
coal feedstock gether in the rise rapidly.
with Minne­ pilot plant due The interface
kahta lime­ to the low accep­ could not be
stone acceptor; tor particle regained.
demonstrate density which is
regenerator obtained for this
operation under acceptor feedstock
neutral and 
oxidizing 
conditions.

coshination.

Table 5-1. RUN HISTORIES (continued)

None.

Revisions Made
Prior to Next Run

None
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Hours

Run
No. Date

Hours
At

Pres.

Hours
At

Temp.

Without 
Air In 
Gasifier Feed Type

Feed
Rate
LB/HR Purpose

Results and 
Accoaplishments

Problems
Encountered

Cause of
Termination

Revisions Made 
Prior to Next Rum

45 5/25/77- 397 293 124 Wyodak 2,100 Demonstrate Plant operation Accumulation of Volimtary shut- A CO- stripping
6/10/77 Subbltu-

rainous

46A 6/30/77- 
7/4/77

101 Velva
Lignite

2,270

technical 
feasibility 
of process 
using Wyodak 
siibituminocB 
coal feedstock 
with Tyraochtee 
dolomite accep­
tor; operate 
the methanation 
unit at a 
higher pres­
sure (280 PSIA); 
demonstrate re­
generator opera­
tion tnder 
neutral and 
oxidizing 
conditions.

Investigate 
plant opera­
tion at a 
higher opera­
ting pressure 
(190 PSIG);

with the sihbitu- 
ninous coal and 
the dolomite 
acceptor was a 
success and a 
planned, vol­
untary shutdown 
was executed; 
the methanation 
mit was success­
fully operated 
at 280 PSIA for 
the first time; 
the regenerator 
was successfully 
operated under 
neutral and 
oxidizing condi­
tions for 8 
and 30 hours, re­
spectively. 
Premature shut­
down precluded 
any significant 
results.

intermediate 
fines in the gasi­
fier. The fines 
appeared to 
originate from 
the acceptor.

down.

Gasifier diffe­
rential pressure 
tap broke giving 
erroneous values 
for the transi-

Ruptured 
steam line 
downstream of 
B-207 steam
superheater.

section was in­
stalled in the upper 
end of the overhead 
acceptor transfer 
line. A new sample 
point was added to 
the overhead accep­
tor transfer line.

Repaired dP tap 
and ruptured stea
line.

determine the 
effects of 
higher steam 
partial pres­
sure on accep­
tor activity; 
operate the 
single-tube 
methanation re­
actor.
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Homs
Homs Hours Without Feed

Run At At Air In Rate
No. Date Pres. Isa- Gasifier Feed Type LB/HR Purpose

Results and Problems Cause of
Accomplishments Encountered Termination

46B 7/6/77- 164 SB
7/15/77

46C 7/29/77- 271 186
8/10/77

27 Velva 
Lignite

160 Velva
Lignite

2,600 Investigate
plant opera­
tion at a 
higher opera­
ting pressure 
(190 PSIG); 
determine the 
effects of 
higher steam 
partial pres­
sure on accep­
tor activity; 
operate the 
single-tii>e 
methanation re­
actor.

Premature shutdown The grid which
precluded any covers the in­
significant results, let to the cal­

cined acceptor 
standleg tore 
loose and wedged 
in TCV-2030. 
Calcined accep­
tor transfer 
then could not 
be stopped.
Slip joints in 
the char lift 
line eroded.

2,670 Investigate 
plant opera­
tion at a 
higher opera­
ting pressure 
(190 PSIG): 
determine the 
effects of 
higher steam 
partial pres­
sure cm accep­
tor activity; 
operate the 
s ingle-tii)e 
methanation re­
actor.

Plant operation 
at 190 PSIG was 
demonstrated; two 
balance periods 
with high boot 
steam partial 
pressures (12.0 
and 12.2 atmos­
pheres) were ob­
tained; both the 
multi-and single- 
tsije methanation 
reactors opera­
ted successfully.

Well into the 
run, the air 
compressor had 
to be shut down 
for repairs.
Lost all boot 
flow when back 
pressure control 
valve slammed 
shut. Lost 
boiler due to 
power dip.

Steam surges in 
boot caused loss 
of char-acceptor 
interface con- - 
tiol.

Boot upset 
caused by sud­
den loss of 
recycle gas 
flow to boot 
during period 
when recycle 
gas was being 
changed out 
for steam.

Table 5-1* RUN HISTORIES (continued)

Timed boiler pres­
sure controller. 
Replaced char lift 
line slip joints. 
Installed new gasi­
fier boot steam 
distributor. Single 
tube nethanator in­
stallation completed.

Revisions Hade
Prior to Next Run

Modified boot recycle 
control valve to 
improve control for 
low flow conditions.
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Hours
Hours Hours Without Feed

RlS! At At Air In Rate Results and Problems Cause of
No. Date Pres. Tens). Gasifier Feed Type LB/HR Purpose Accomplishments Encountered Termination

47A 9/1/77- 168 113 86 Velva 2,760 Assess the use Reconstituted accep- Leak in gasifier A gasifier boot
9/8/77 Lignite; of reconstitu- tor was demons tra- external cyclone deposit fell

Minnekahta
Limestone/
Reconstituted
Acceptor

ted limestone 
as a suitable 
acceptor for 
the process.

ted to be active 
enough to supply 
all gasifier heat 
requirements; gasi­
fier char bed 
density was always 
tnder complete 
control; a 24 
hour balance per­
iod was obtained.

caused shutdown 
of initial start- 
15). Plugged 
sensing taps were 
common. The ZnO_ 
towers filled 
with water and 
upset process 
flows to the 
gasifier and 
fresh acceptor 
feed line plugged 
several times when 
reconstituted 
acceptor fed.

into CD-204 
recarbonated 
acceptor trans­
fer line stop­
ping acceptor 
circulation.

478 9/24/77- 152 1 20
10/1/77

101 Velva 2,700
Lignite;
Minnekahta
Limestone/
Reconstituted
Acceptor

Assess the use 
of reconstitu­
ted limestone 
as a suitable 
acceptor for 
the process.

Again, reconstitu­
ted acceptor opera­
ted successfully in 
the pilot plant 
and the gasifier 
char bed density 
was under control; 
a 48 hour steady- 
state balance per­
iod was obtained; 
the methanation 
unit was operated 
with no recycle 
for the first time.

Uncontrolled char 
transfer and a 
plugged acceptor 
lift line each 
caused a shut­
down before the 
run successfully 
began. Char 
transfer upsets 
and plugged sen­
sing taps were 
common during 
the run.

A gasifier boot 
deposit fell 
into CD-204 re- 
carbonated trans­
fer line stop­
ping acceptor 
circulation.

Revisions Made 
Prior to Next Rm

Skirting was added 
to the gasifier 
boot distributor 
ring to eliminate 
"dead spots" in the 
gasifier boot.

None (last run).

Table 5-1 RUN HISTORIES (continued)



5.2.1 FLUIDIZATION

The two-vessel operation of the CO2 acceptor process employs three 
separate fluidized beds. These are : (1) the gasifier char bed,
(2) the bed of accumulated spent acceptor in the gasifier boot, 
and (3) the regenerator acceptor bed. Each of these fluid beds must be 
controlled differently. The gasifier char bed must be expanded enough 
to allow the acceptor to shower through it to provide heat for the 
gasification reactions. The spent acceptor in the gasifier boot must 
be fluidized with a gas rate suffient to strip char from the showering 
acceptor but low enough to allow the acceptor to collect. Finally, 
the gas rate to the regenerator must be great enough to: (1) intimately 
mix fuel char with spent acceptor so that hot spots do not exist, and 
(2) strip the char ash from the bed. At the same time, fluidization 
of the char and regenerator beds must be gentle enough to avoid excessive 
particle attrition or carryover. Therefore, the fluidization characteristics 
of both char and acceptor must be thoroughly understood.

During the bench-scale studies, extensive data were obtained in batch 
fluidized systems having bed diameters of 1, 2, and 4 inches. Fluidized 
bed densities were determined by dividing the known weight of solids 
by the bed volume. The bed volume, in systems at ambient conditions, 
was defined as the product of the bed cross-sectional area and the 
average maximum fluidized bed height*. In many systems, the bed height 
fluctuates considerably due to formation and collapse of gas bubbles.
The above definition of bed height was chosen to conform with the reality 
of containing a fluidized bed in a process vessel. Data also were obtained 
in systems operated at pressures of up to 20 atm abs and at temperatures 
up to 1500 F. In these systems the vessels were equipped with internal 
overflow weirs. Visual studies at ambient conditions in the mock-ups 
of these vessels showed that the bed heights defined by the top of the 
internal weirs corresponded with the observed average maximum bed heights.

Using results of the bench scale studies and data available in the litera­
ture, a generalized correlation was developed to predict the fluidized bed 
density in any system.(1) After publication, the original correlation 
was modified to include data on new systems and to improve the accuracy 
of the predicted bed densities at high bed expansions. The revised 
correlation has not been published in the general literature, but will 
be presented in the future.

During pilot plant Run 5, fluidization tests in both the gasifier and 
regenerator showed that the measured bed densities, calculated from 
the pressure difference between two pressure taps immersed in the 
fluidized bed at known spacings, changed very little as the fluidizing 
velocity was varied over a wide range. Several pairs of taps were 
involved in the tests, including both vertical and side probes as discussed 
in Section 11.3. Impulse lines from the taps led to Foxboro P trans­

*Average maximum fluidized bed height is obtained by averaging the 
maximum heights of a surging bed over a period of 10 to 60 
seconds.

(1) Phase II, "Bench-Scale Research on CGS Process-Studies on Mechanics 
of Fluo-Solids Systems," Jan, 1970, R § D Rpt. No. 16--Interim 
Rpt. No. 3, Book 1, NTIS: PB-184718/AS.

36



mitters which sent pneumatic signals to recorders. The surging fluidized
beds required that the fluctuating static pressures at the taps be
dampened. Snubbers installed either in the impulse lines or in the signal
lines from the transmitter were satisfactory.

Figure 5-1 and 5-2 show some of the data obtained during fluidization 
tests in the gasifier and regenerator which were operated at process 
conditions. Predicted densities are those calculated from the revised 
correlation.

Further studies using a 12-inch diameter glass model equipped with a 
coaxial pair of pressure taps, which could be positioned accurately 
anywhere in the fluidized bed, confirmed the Run 5 implications that 
bed densities calculated from differential pressure measurments did not 
reflect the actual observed bed densities. Some typical data from the 
glass model are presented in Figures 5-3 and 5-4. System properties 
are shown in the figures. The measured bed densities are those cal­
culated from differential pressure data. A manometer was used to 
determine differential pressure. Snubbing was accomplished by use of 
needle valves in the impulse lines. The observed bed densities correspond 
to the average maximum bed height and the known weight of solids in the 
bed.

The original correlation was intended to predict bed densities for 
highly expanded beds. Data for the correlation had been obtained for 
materials with narrow size fractions. A single average particle size 
was therefore used to represent the materials in the correlation. However, 
no single particle size can accurately represent the plant material, 
either char or acceptor, due to wide particle size distribution.

It was found that a summing procedure allowed contributions from each 
particle size to be accounted for. Mathematically, the procedure may 
be represented by:

(mix = / . ( i (5-1)
i = 1

where: Superficial gas velocity is constant and 

0.47 < f < 1.0

n = number of size cuts 

X = weight fraction of each size cut 

e = void fraction of each size cut

The revised correlation is used to calculate a void fraction for each 
particle size at a given gas velocity. If the gas velocity is less 
than that required for incipient fluidization of a particular particle 
size, a value of 0.47 is assigned for the void fraction. Similarily, 
a void fraction value of 1 is assigned for all particle sizes that have 
a terminal velocity which is less than the gas velocity. As more size 
fractions are used, accuracy is improved.
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FLUIDIZING VELOCITY, FT/SEC

PRESSURE 150 PSIG 
BED TEMP 1280° F 
PARTICLE DENSITY 145 LB/FT 3 
EFFECTIVE PARTICLE DIA .071 INCHES 
FLUIDIZING GAS AIR

Figure 5-1. REGENERATOR FLUIDIZATION TEST, RUN 5, OCTOBER 17, 1972 
DOLOMITE, 8 x 28 TYLER MESH
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Figure 5-2 GASIFIER FLUIDIZATION TEST, RUN 6, JANUARY 25, 1973 
CHAR, 14 x 100 TYLER MESH



MEASURED DENSITY:

INITIAL BED HEIGHT 
O 13 INCHES 
0 24 INCHES
A 36 INCHES

DATA POINTS ARE OBSERVED DENSITIES

PRESSURE 12.9 PSIA!
BED TEMP 30°F
PARTICLE DENSITY 165 LB/FT3
FLUIDIZING GAS AIR PREDICTED DENSITY
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1 2 3 4 5 6 7 8
FLUIDIZING VELOCITY, FT/SEC

Figure 5-3. 12 INCH GLASS MODEL FLUIDIZATION TEST LIMESTONE,
6 x 16 TYLER MESH
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Figure 5-4. 12 INCH GLASS MODEL FLUIDIZATION TEST CHAR, 20 x 65
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Figures 5-3 and 5-4 show densities that have been predicted using this 
technique for the 12-inch diameter glass model. The excellent agreement 
between the observed and predicted densities lends confidence to the use 
of the correlation.

Subsequent to these tests, pressure differences between two side taps 
(one at the bottom of the straight side, the other in the vapor space 
above the fluidized beds in both the regenerator and the gasifier) 
were determined prior to several shutdowns and the drained bed material 
was weighed. After correcting for the relatively small amount of material 
in the cone or boot below the bottom tap, it was determined that the weight 
of the total inventory could be closely approximated by multiplying the 
vessel cross-sectional area by the pressure difference between the top 
and bottom of the bed.

The validity of the fluidized bed density correlation was also proved 
at full process conditions in the regenerator. Experimentally, this 
involved increasing the regenerator fluidizing gas velocity until the 
surging bed heaved large acceptor particles (6 x 10 mesh) into the ex­
ternal cyclone. At that point, the surging bed occupied the entire vessel 
(35 feet, straight side). The predicted bed density agreed within 5% 
of the bed density calculated from the known vessel volume and the "area 
x AP" inventory weight. Similar confirmation of the correlation in the 
gasifier was not practical.

Experience has shown that use of pairs of pressure taps immersed in 
fluidized beds allows good control of the pressure balance relationships 
(see Subsection 5,2.5) required in the CC^ acceptor process. The only 
impact of the phenomenon illustrated in Figures 5-1 through 5-4 is that 
pressure tap measurements cannot be used to determine average maximum 
bed height of the surging fluidized beds at process conditions.

5.2.2 ACCEPTOR CIRCULATION

Acceptor material is circulated between the regenerator and gasifier 
through sloped standlegs and a nearly vertical lift line, as illustrated 
in Figure 5-5. Calcined acceptor fills the upper standleg, CD-206, to 
form a seal on top of a butterfly control valve, TCV-2030, which controls 
the solids rate to the gasifier. Recarbonated acceptor flows downward 
from the gasifier boot into the lower standleg, CD-204, and forms a 
seal over a butterfly control valve, LCV-2003, which controls the gasifier 
boot acceptor bed level. Recarbonated acceptor flows through the valve 
to the engager pot, F-222* where the solids are transported pneumatically 
up the lift line to the regenerator.

Standlegs were selected to aid in maintaining the system pressure balance 
between the two reactor vessels. Acceptor material above the butterfly 
control valves forms a seal. This aids in the establishment of pressure 
relationships which allow the solids to flow by gravity through the valves 
but prevents the flow of process gas through the nonfluidized acceptor.
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Figure 5-5. SYNTHESIS SYSTEM (200 AREA) FLOW DIAGRAM
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To help maintain constant solids flow through the standlegs, valve kickers 
are employed. These devices periodically increase the valve opening and 
then return the valve to the original control positioning. This action 
prevents the buildup of solids ahead of and around the valves. Gas purges
are used to control the differential pressure across the valves. (Refer 
to Section 5.2.5.3 for a detailed discussion of the pressure balance 
across standlcgs.)

The engager pot or pick-up chamber is designed so that the solids can 
flow by gravity into it and then be transferred pneumatically up the 
lift line to the regenerator. Air is used as the carrier gas.

Initially there was no direct measurement of the acceptor circulation 
rate between the gasifier and regenerator reactors. Values could be 
obtained only after performing time-consuming heat and material balances 
which required laboratory data that were not immediately available. There 
was a need for a rapid method of approximating circulation rate for quick 
adjustment of process conditions. Bench-scale studies indicated that 
circulation rate could be correlated with pressure drop in the lift line.^ J 
Therefore a testing program was conducted, initiated during pilot plant 
Run No. 16, and continued during all subsequent integrated pilot plant runs 
to provide an independent means of measuring the approximate acceptor cir­
culation rate using existing pilot plant instrumentation.

The experimental procedure was developed to coincide with that stage 
in pilot plant startup when the regenerator had been filled with dead-burned 
dolomite (inert acceptor) but prior to the addition of char. Circulation 
of dead-burned dolomite was established between the reactors. In the ab­
sence of char, the dolomite showered through an empty gasifier, allowing 
the steady-state conditions to be quickly established in the upper section. 
The inert acceptor collected in the gasifier boot where sufficient gas flow 
was provided to incipiently fluidize the collected acceptor. By setting 
the position of the upper standleg flow control valve, TCV-2030, and using 
the lower standleg flow control valve, LCV-2003, to maintain a constant bed 
level in the gasifier boot, the rate of solids in and out of the gasifier 
was equalized. The acceptor bed level in the gasifier boot was determined 
by differential pressure measurements. When steady-state conditions were 
achieved, the lift line pressure drop and gas flow rate were recorded.
Then, without changing the position of TCV-2030, the gasifier boot inven­
tory was drained to a low level by further opening the bottom standleg 
flow control valve, LCV-2003. When the desired low level was attained, 
LCV-2003 was closed and the time required to fill the gasifier boot with 
solids was recorded. Typically, this procedure was performed for several 
circulation rates, but during selected pilot plant runs both lift gas velo­
city and circulation rate were varied.

Since the gasifier boot cross-sectional area was known, the circulation 
rate could be easily calculated using the following equation:

(1) Phase II, "Bench-Scale Research on CCS Process-Studies on Mechanics of 
Fluo-Solids Systems," Jan. 1970, R § D Rpt. No. 16, Interim Rpt. No. 3, 
Book 1, NTIS: PB-184718/AS.
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(5-2)W =

Where: W = Flow rate of solids, lb /hr
m 3

p = Bulk density of solids lb/ft 2 
A = Boot cross-sectional area, ft 

AL = Change in boot solids level, ft 
T = Boot filling time, hrs

Alternatively, since the pressure drop across an incipiently fluidized 
bed of solids is equivalent to the weight of the solids per unit area, 
W may also be represented by:

W = gcAPA (5-3)

gT

Where: g = Newton’s constant, 32.174 ft-lb&c _____ m 2
Ib^-sec

2g = Acceleration of gravity, 32.2 ft/sec
2AP = Change in pressure drop across fluidized bed, Ib^/ft

Because the lift line pressure tap locations differ markedly in elevation, 
the density difference between the cold purge gas (80 F) and hot lift gas 
(1100-1500 F) was considered. This density difference generates a significant 
pressure head which lowers the observed value. Therefore, the measured 
value was corrected by calculating the head due to density difference and 
adding the result to the measured lift line pressure drop. The following 
equation was used to determine the correction factor:

C = g(P1-P2)L (5-4)

2Where: C = Differential pressure correction, lb^/ft 
^1 = Density of purge gas, lb /ft"5

HI *7
^2 = Density of lift gas, Ib^/ft 
L = Elevation between pressure taps, ft

In addition to the density difference, the pressure drop measurement 
was also corrected for any shift in the transmitter zero reading. The 
zero shift was determined by comparing measured pressure drops, corrected 
for the density difference effect, for several lift gas flows (no solids 
circulation), with the pressure drop predicted by the Fanning equation. 
Since the slopes of the predicted versus measured pressure drop curves 
were equal to 1, the displacement of the intercept from zero was assumed 
to represent pressure transmitter zero shift. The zero shift was actually 
used to correct for all accumulated measuring errors and was small, 
normally being less than 1 inch of water column.
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Representative pressure drop data for the upper section of the lift line 
are plotted as a function of circulation rate and lift gas velocity in 
Figure 5-6. The pressure drop over the upper section of lift line was 
chosen as a correlating basis in order to avoid the influence of par­
ticle acceleration. The plots illustrate the typical U-shaped curves 
which were obtained.

The shape of these curves demonstrated that there was an optimum lift 
gas velocity. Results of the tests indicated that the optimum super­
ficial gas velocity ranged from 50-65 ft/sec, depending upon the acceptor 
circulation rate. Such plots are valuable, since regions of unstable 
operation can be determined and avoided. Instability can occur if 
the lift line is operated in the region on the far left of the U-shaped 
curve since the line tends to load up with solids. Stability is assured 
for gas velocities equal to the minimum value or above. In this flow 
regime the solids are maintained in dilute phase flow. However, opera-* 
tion at velocities above the minimum is not warranted, because the higher 
velocities increase the erosion rate in the lift line.

It must be remembered that the circulation rate curves were developed 
using dead-burned dolomite as the material circulated. Because the 
acceptor particle properties are changed when the dead-burned dolomite 
inventory is replaced with active acceptor, the curves can only be used 
as an approximation of the true circulation rate. The actual or true cir­
culation rate must be determined through detailed heat and material balances.

Curves such as those presented in Figure 5-6 were used to determine ap­
proximate circulation rates during a pilot plant run, since values of 
the lift gas velocity and upper lift line pressure drop were readily 
available. For control of process conditions, it was necessary to know 
relative changes in circulation rate but not the actual circulation rate.

5.2.3 FUEL CHAR TRANSFER

The gasifier char bed is composed of three materials: char, acceptor 
and intermediate fines. Since the relative proportions of these materials 
can and do vary considerably, an infinite number of fuel char transfer rates 
can be represented by the same lift line differential pressure drop. There­
for, no attempt was made to correlate the char transfer line pressure drop 
with fuel char rate. Knowledge of the actual fuel char rate is not needed 
for proper control of the regenerator operation. The operator need only 
know if the fuel char rate is too low or too high. This can be determined 
by knowing the regenerator temperature and flue gas CO concentration.
The actual fuel char transfer rate can only be determined accurately by 
detailed heat and material balance calculations.

5.2.3.1 Flow Control

The char transfer rate from the gasifier to the regenerator is controlled 
by the solids controls valve, LCV-2002. (See Figure 5-7.) Two methods 
were used to regulate the char transfer rate. Starting in Run 4 (when 
char transfer was established for the first time) and up to Run 8, a
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Figure 5-6. LIFT LINE PRESSURE DROP AS A FUNCTION OF LIFT GAS 
RATE AND SOLIDS CIRCULATION, RUN 22C
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constant valve positioning on LCV-2002 was maintained in order to obtain 
a certain solids flow. Char transfer was erratic and unstable using this 
control method, so the system was modified prior to Run 9. In the new 
system, a constant differential pressure, dP-2028, across the char lift 
line is sought by allowing the LCV-2002 valve positioning to be controlled 
by the dPT-2028 signal. The pressure drop in the lift line is due partly 
to the gas flow, which is held constant, but is increased greatly by the 
presence of solids in the line. The pressure drop in the lift line de­
pends strongly upon the amount of solids in the lift line, so dPT-2028 
indicates the solids flow rate in the lift line. A high differential 
pressure above the set point value would cause LCV-2002 to close in 
order to decrease solids flow and lower dP-2028. Similarily, a dPT-2028 
value below the set point would cause LCV-2002 to open. This control 
system worked very well and was used for the remainder of the runs.

The total fuel feed rate to the regenerator, which includes char from the 
gasifier plus the auxiliary fuel, is used to control the CO level in the 
regenerator. A high CO level is reduced by lowering the total fuel feed 
to the regenerator. This is accomplished by lowering the set point on 
LIC-2002 so that LCV-2002 closes down. The char transfer rate from the 
gasifier will fall off and (as a result of less fuel being fed to the 
regenerator) the CO level will decrease. Similarly, to raise the CO 
level the set point on LIC-2002 is raised so more char is transferred 
to the regenerator from the gasifier.

The use of a level controller, LIC-2002, to control differential pressure, 
dPT-2028, may be confusing to the reader. Often in the pilot plant existing 
instrumentation loops were modified such that the original descriptive 
nomenclature no longer applied. However, the original naming was often 
retained to avoid the need to change all references to the original equip­
ment.

The auxiliary fuel feed system is used to simulate the commercial practice 
of utilizing recovered gasifier overhead char fines as regenerator fuel, 
as well as to control the gasifier char bed level so that coal feed to 
the gasifier can remain constant. When the char bed level rises, the 
auxiliary fuel feeder rate is decreased manually. This decreases the amount 
of solids in the char lift line, so dP-2028 will fall. As dP-2028 falls 
off, LCV-2002 will automatically open and gradually drain the gasifier 
char bed, lowering the bed level. Similarly, a low gasifier char bed 
level is corrected by increasing the auxiliary fuel feed rate so that 
dP-2028 will rise and signal LCV-2002 to close down.

Attempting to control the gasifier bed level by varying the coal feed 
rate is less satisfactory. Changes made in the relatively cool, fresh 
feed rate have more of an effect on the gasifier char bed temperature than 
changing the char withdrawal rate. Additionally, because of the volatile 
yield from the lignite feedstock, changes in the feed rate result in sub­
stantial changes in the gasifier product gas rate. It is preferable to 
maintain a constant feed rate to the gasifier.
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5.2.3.2 Operation

Some problems were initially experienced with char transfer. The main 
cause of char transfer upsets stemmed from sudden changes in the purge 
gas flow in the CO-202 standleg. Due to the system pressure balance, 
purge gas flows against the downward flow of solids in the line. A 
change in the system pressure balance can cause a change in the purge 
gas flow rate or direction. Sudden changes in the purge gas flow often 
caused char fines to accumulate and form plugs in the standleg. This 
led to loss of char transfer.

Fines plugs formed more often in the sloped section of the standleg than 
in the vertical section. Char transfer was more sensitive to purge gas 
flow changes in this sloped section than in the vertical section. Solids 
in the sloped section will fluidize at a lower gas velocity than solids 
in the vertical standleg, allowing fines to hold up in the standleg. Further 
discussion of this phenomenon and its operational consequences is considered 
in Subsection 5.2.5 of this report. Solids flow may also have been hindered 
by the bend in the standleg at the end of the sloped section. The bend 
provides a place for fines to accumulate and form plugs.

The problems associated with standleg gas flow changes were largely cor­
rected by making piping changes in the char transfer system. For Run 11, 
the 2-inch diameter char standleg, which included both the sloped and 
vertical sections of the char standleg, was replaced with a 3-inch diameter 
line. Prior to Run 33, the sloped line section of the char standleg was 
again modified. The 3-inch diameter pipe was replaced with a 4-inch 
diameter line. These line size increases have the effect of decreasing 
the purge gas velocity in the sloped section of the standleg. The lower 
gas velocity minimizes stripping of char fines from the bulk solids 
flow and, therefore, prevents solids plugs from forming. These modifi­
cations made during the course of the pilot plant program greatly improved 
the reliability of the char transfer system.

Another source of char transfer instability was the char removal system.
The char removal system was used for several runs as a means of control­
ling the buildup of intermediate fines in the gasifier char bed. The 
original char removal system included two lockhoppers arranged in par­
allel. Whenever operation was switched between the lockhoppers, pres­
sure inbalance between the lockhoppers and the sloped section of the char 
transfer standleg frequently caused a sudden change in gas flow in the 
sloped section of the char standleg, resulting in the plugging of the 
line.

In order to improve the stability of the char transfer system, the par­
allel char removal system was changed to a series system in Run 26.
(See Figure 5-7.) In the series system the lockhopper receiving char 
directly from the standleg is continuously onstream, so that switching 
between lockhoppers is avoided. In addition, an automatic purge and 
vent system was set up for the lockhoppers so that the pressure drop, 
dP-2102, across the sloped standleg would remain constant. Gas would 
be purged into the lockhoppers when the dP-2102 pressure drop was low.
The lockhoppers would be vented if the pressure drop was too high.
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The series system proved to be an improvement over the parallel system.
Char transfer was more stable and upsets occurred less frequently.

In the commercial plant design, piping changes were made to the char transfer 
system that should completely eliminate transfer problems. The standleg 
was lengthened in order to increase the seal formed by the head of solids 
in the standleg. With the larger head of solids, the purge gas flow rate 
(SCFH per sq. ft. of line cross section) can be proportionally lower for 
a given pressure drop across the total length of the standleg, as compared 
to the present pilot plant standleg. Also, the sloped section of the 
standleg represented a smaller portion of the total standleg length and 
the angle of the bend was widened. This has the effect of increasing the 
vertical component of the standleg and minimizing the troublesome bend 
in the line.

The char removal system was installed in the pilot plant as an expedient 
solution to the problem of the buildup of intermediate fines in the 
gasifier char bed. The char removal system was taken out of service prior 
to Run 33 when a better method (F-228 spent acceptor removal system) 
was devised for controlling intermediate fines accumulation in the gasifier. 
An acceptor withdrawal system similar to that of the F-228 system was de­
signed for the commercial plant so the char removal system would not be 
incorporated into a commercial plant.

When char transfer is lost the usual procedure to recover transfer is 
to close off the standleg, purge the standleg clear of solids, allow 
the standleg to refill with solids, and then open up the flow control 
valve, LCV-2002. An in-house designed rotating wafer valve that was 
installed just above LCV-2002 prior to Run 39 is used to seal off the 
standleg while the line is being refilled. When char transfer is being 
re-established, the differential pressure between the gasifier and re­
generator is sometimes increased temporarily to reduce the pressure 
drop across the standleg. The differential pressure between the gasifier 
and regenerator must be lowered back to its original position once char 
transfer is established, in order to prevent a system pressure imbalance.
The pressure imbalance could cause steam to backflow from the boot into 
the recarbonated acceptor standleg, CD-204.

5.2.4 INTERFACE CONTROL

In the gasifier boot, because the gas velocity is sufficiently low, acceptor 
showers out of the char bed to form a fluid bed of acceptor. The char 
particles, however, are lighter and smaller in size than the acceptor, and 
are therefore stripped away from the acceptor and forced back up into 
the char bed. Acceptor is withdrawn from the bottom of the boot into the 
recarbonated acceptor standleg, CD-204, to maintain a constant acceptor 
inventory.

A sharply defined interface exists in the upper part of the boot between 
the char and the acceptor bed. The interface is the point of greatest 
char penetration into the boot before the char is stripped from the 
acceptor by the fluidizing gas.
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Separation of acceptor from the char bed is necessary in order to in­
dependently control the rates of char and acceptor transfer from the 
gasifer to the regenerator. A mixture of char and acceptor is withdrawn 
from the gasifier char bed and transferred to the regenerator through the 
char standleg and lift line. However, while this stream may satisfy the 
regenerator fuel char requirements, not enough acceptor is contained in 
the mixture to satisfy the required acceptor circulation rate in the system. 
More acceptor needs to be withdrawn from the gasifier and sent to the re­
generator for calcination. The separated acceptor from the bottom of the • 
boot can be fed to the regenerator independent of char transfer. In order 
to maintain the necessary acceptor circulation rate in the system, acceptor 
flow rates across the interface are necessarily high. Acceptor mass fluxes 
across the interface in the pilot plant are typically between 6000-12,000 
lb/(hr)(ft2).

Both an overly expanded bed and a nonfluidized acceptor bed in the boot 
are to be avoided. With an overly expanded bed, the boot fluidizing velocity 
is high enough to hinder the showering of acceptor down into the boot. In 
addition, backmixing of acceptor and char is appreciable. Backmixing dis­
turbs the interface because acceptor is held up and prevented from showering 
down through the char bed. A nonfluidized bed is undesirable because it 
does not allow the location of the interface to be determined by the dif­
ferential pressure instruments. In addition, if the boot is not fluidized, 
char is entrained below the interface by the downward moving acceptor.

Control of the interface level so that it remains well within the boot is 
critical. The interface level is located and controlled by three differential 
pressure instruments. (See Figure 5-8.) The pressure taps for dPT-2083 
are across the lower part of the boot that normally contains only acceptor.
The interface is usually between the pressure taps for dPT-2002; 
dPT-2001 reads the differential pressure across the transition section 
which, under normal operating conditions, contains the char-acceptor bed.

Two other differential pressures were also recorded, as shown in Figure 
5-8. These were dP’s 2111 and 2112. The transmitter signal lines for 
these dP's were connected to the pressure taps used by the other three 
boot differential pressure transmitters. Both dPT-2111 and 2112 were 
set up to read the differential pressure across large portions of the 
bed and overlapped each other. Infrequently, they were used for short 
periods to locate the interface level whenever a plugged pressure tap 
would put one of the other differential pressure transmitters out of 
service. These additional taps allowed the interface to be controlled 
while the plugged tap was cleared.

The dPT-2002 signal was used to regulate the interface level. The dif­
ferential pressure signal controlled the positioning on LCV-2003, 
opening the valve if the interface rose above the instrument control 
set point, and closing down on the valve if the interface level dropped.
This control system worked well and was able to maintain a steady inter­
face level.
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It was desired to set the transmitter ranges on dPT-2083, 2002, and 2001 
so that bed density would be equal to the chart recorder readings. How­
ever, the acceptor bed density exceeded 100 lb/ft^ whenever dead-burned 
dolomite was in the system. Therefore, it was necessary to increase 
the transmitter range so the recorder pen would be on chart for all 
materials used. The ranges were set up so bed density could be determined 
from chart readings multiplied by a single factor.

To determine the required transmitter ranges, consider the following 
equation relating bed density to the pressure drop of the gas flowing 
through the bed of fluidized solids:

AP = P Bed L (g/g )
62.4 C

(5-5)

Also the differential pressure is determined from the recorder chart 
reading and transmitter range (inches water column) by:

AP = Chart reading x Range (5-6)
100%

Pressure drop, inches water column ^
Apparent density of fluid bed, Ib/ft 
Distance between transmitter pressure taps, inches 
Acceleration due to gravity, ft/sec 
Newton's constant, 32.174 ft•lb

lbfSec

It was desired that the chart reading times a simple factor be equal 
to the bed density (in this case, the factor is 1.5) so that:

p Bed = 1.5 x Chart reading (5-7)

Substituting Equation 5-7 into 5-5 and combining Equations 5-5 and 5-6, 
the following result is obtained for the instrument range:

Range = 1.5 x 100 (g/g ) L (5-8)
62.4 C

The range is determined only by L, the distance between the two pressure 
taps, which has already been set up by the physical arrangement of the 
taps in the vessel.

Since the char-acceptor interface level cannot be visually observed, its 
location must be calculated from the differential pressure readings of 
dPT's-2083, 2002, and 2001. The interface is located somewhere between 
the pressure taps of dPT-2002. The pressure taps of dPT-2083 
are submerged only in the acceptor bed, so the instrument reading can 
be used to calculate the acceptor bed density. Similarily dPT-2001 
pressure taps are submerged only in the char bed, so the char bed density 
can be determined from this reading.

AP
p Bed =
L
g
g„
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Referring to Figure 5-8, the differential pressure read by dPT-2002 
is composed of the pressure drops due to the acceptor bed portion 
(of height fX! up to the interfaced and the pressure drop due to the 
char bed portion above the interface (to height L-X):

APL2002 = APX +AP(L-X)

Substituting Equation 5-6 in the left-hand side of Equation 5-9
and Equation 5-5 for the two terms on the right-hand side yields Equation
5-10:

(Chart reading) 20{)2 (Range)20o2
__ 100% __ __ __

PdPT-2083)(X) + (PdPT-2001XL-x7| g/gc
6274

Where P dPT-2083 and P dPT-2001 are the densities for the acceptor and 
char beds, respectively, determined by the differential pressure
measurements. Substituting the following equations, 
combining Equations 5-5 and 5-6

derived by

(chart reading)PdPT-2083 = 6 2083 (Range)2083 62.4 Ec/« (5-11)
100% L2083

(Chart reading)PdPT-2001 = 2001 (Range)2001 62.4 8c/g (5-12)
100% L2001

into Equation 5-10 yields, for the fraction of ^2002 t^ie interface
has risen; Equation (5-13):

(Chart reading)2001 (Range)2001 (Chart reading)2002 (Range)2002
L2001  L2002 

(Chart reading)200! (Range)2o01 - (Chart reading)2083 (Range)2083
___ L2001 __ --- L2083 __

Substituting equations similar to Equation 5-8:

(Range) 002 - 1.5 (100) (g/gc) L2002
62.4

(Range) 2001 = 1-5 (W01 (g/g ) L2001
62.4

(Rang®)2o83 1,5 ^g//gc^ L2083
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for the respective ranges in Equation 5-13 yields:

X
(Chart reading)2002 - (Chart reading)2001 (5-14)

L2002 (Chart reading)2083 - (Chart reading)20012083

liquation 5-14 reveals that the relative location of the interface can be 
ascertained from just the three differential pressure recorder chart 
readings when the instruments are ranged according to Equation 5-8.

The interface can also be located graphically by a plot of the bed 
pressure drop at different heights in the gasifier and boot. An 
example, with data taken from Run 47B, is shown in Figure 5-9. The 
pressure drop ordinate values are the pressure differences between 
the high side pressures of the various differential pressure trans­
mitters and the gasifier exit pressure (150 psig). The abscissa is 
the height above the boot flange at which the high side pressure taps 
are located. The pressure drop per foot of bed remains constant for 
the char bed, but a discontinuity occurs at the interface level. Here 
the pressure drops per foot of bed increases sharply because of the 
gas flow through the more dense acceptor bed in the boot. The interface 
level is located at the intersection of the extrapolated lines for the 
char bed and the acceptor bed. Plots like these were made for some of 
the early runs in order to determine if the interface was actually estab­
lished during the run.

Since the separation of char and acceptor is essential to the process, 
the stability of the interface is critical. Factors affecting inter­
face stability include:

(1) Density difference between the char and acceptor.
(2) Boot gas flow.
(3) Ability to transfer acceptor through the lower acceptor standleg.

CD-204.

A large density difference between the char and acceptor is highly 
desirable. It increases the preferential settling of the more dense 
acceptor out of the char bed while the lighter char is stripped away.
If the difference in densities is small, it is extremely difficult to 
separate the char and acceptor and maintain the interface.

In the pilot plant, bed densities for the acceptor bed were typically 
about 60-65 lb/ft3 and about 30-35 lb/ft3 for the char bed. The difference 
in these densities proved to be sufficient to maintain a stable interface.

Generally, the char-acceptor interface was stable. However, unstable 
interfaces often resulted when subbituminous coal was used for feedstock 
and limestone was used as acceptor. The acceptor material acquired a 
low particle density that prevented a stable interface from being main­
tained. Additional details covering the interface control problems 
associated with the use of subbituminous coal feedstock are given in 
Run Report 44, Volume 8.
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Gas flow is also critical in order to maintain a stable interface. The 
gas flow should be such that the boot gas velocity is slightly greater 
than the incipient fluidization velocity for the acceptor. The superficial 
boot velocity in the pilot plant was generally about 2 fps.

It is important that the boot gas velocity be sufficient to prevent char 
from falling down into the lower part of the boot. If the acceptor is 
at incipient fluidization, then the char will be stripped away from the 
acceptor. The 2 fps boot velocity in the pilot plant was sufficient 
for char stripping.

Sudden changes in boot gas flow were the source of most problems with 
interface stability. Either a decrease or increase in flow could upset 
the interface. Severe boot upsets occurred on several occasions, due to 
the malfunctioning of the boot steam flow control valve and flow control 
instrumentation.

Another source of boot upsets was the operation of the spent acceptor 
dump hopper, F-213. When the F-213 hopper was in operation, bringing 
it onstream after a dumping cycle was hazardous if the lockhopper pressure 
was not equalized with that of the boot. Gas would vent into the boot 
from the lockhopper if the lockhopper was overpressurized, or boot gas 
would flow into the lockhopper if the lockhopper was underpressurized. 
Either situation could cause a boot upset because the boot gas flow rate 
would be suddenly changed. This problem was solved by discontinuing 
the removal of spent acceptor through the F-213 lockhopper and moving the 
withdrawal site to a nozzle on the regenerator reactor.

Loss of acceptor transfer through the CD-204 was an infrequent occurrence. 
Pieces of a boot deposit on occasion fell into the standleg and blocked 
any further flow of acceptor. A few times, pieces of spalled refractory 
became lodged in the standleg and prevented acceptor transfer.

When acceptor transfer through the standleg was blocked, the interface 
level would start to rise as acceptor continued to shower down into the 
boot. It is crucial that the interface never be allowed to rise into 
the transition section, because the gas velocity in the transition 
section is not sufficient to fluidize collected acceptor. The formation 
of solids bridges or "caps" has often occurred when acceptor was allowed 
to defluidize in the transition section. At times, sufficient gas flow 
to the gasifier could not be provided to break up the bridges (plugs). 
Therefore some runs were terminated.

A successful procedure was developed to regain lost interfaces or to halt 
a rising interface. First, acceptor circulation, acceptor make-up, and 
coal feed to the gasifier are stopped. Boot gas flow is then increased 
drastically, using recycle gas and steam, so that the boot will become 
completely turbulent. When conditions warrant, the interface can be re­
gained by slowly lowering boot gas flow and allowing the acceptor to settle 
out of the char bed. As the operating personnel gained experience with 
handling boot upsets, recovery from the upsets was achieved often and the 
upsets became less of a threat to plant operation.
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5.2.5 PRESSURE BALANCE

5.2.5.1 Relationships

The pressure balance of the system is determined primarily by the differ­
ential pressure between the gasifier and the regenerator. The gasifier 
exit pressure is controlled at 150 psig. The pressure at the regener­
ator exit is controlled so that it is normally about 3-6 psi lower than 
the gasifier exit pressure. The lower regenerator pressure causes the 
acceptor and char lift gases to flow preferentially to the regenerator 
in the lift lines, rather than to the gasifier through the char, CO-202, 
and lower acceptor, CD-204, standiegs. The pressure balance is critical 
because excessive gas flow up the standlegs could impede the downward 
flow of solids.

An excessively high differential pressure between the vessels is avoided 
to:

(1) Prevent steam from the gasifier boot from entering the CD-204 
acceptor standleg. Steam is undesirable in the CD-204 standleg, 
because ifQthe temperature in the line is allowed to drop below 
about 1200 F acceptor agglomeration can occur due to the formation 
of Ca(OH)2<

(2) Prevent process gas from the gasifier from entering the C0-202 
char standleg and the CD-206 acceptor standleg.

The solids-filled standlegs acted as gas seals between the two vessels.
The solids provided a resistance to gas flow into the standlegs; the 
longer the standleg, the greater the gas sealing effectiveness of the 
leg.

Purges are placed on all three standlegs to prevent process gas from 
entering the standleg from the higher pressure end of the line. The 
flow rate of purge required depends upon the length of the standleg 
and the overall pressure drop across the entire standleg, which is set 
by the differential pressure between the gasifier and the regenerator.
Less purge is required to produce a given pressure drop across the standleg 
as the length of the standleg is increased.

Since the standleg lengths cannot be changed in the pilot plant, the 
purge gas rate must be varied to maintain the desired pressure drop.
Yet, it is desired to minimize the purge rates so that little of the 
inert purge gas which is used in the CD-204 and CD-206 standlegs enters 
the gasifier where it would dilute the gasifier overhead gas and reduce 
the overhead gas heating value. In addition, high purge rates may produce 
gas velocities high enough to fluidize the smaller particles in a standleg. 
The small particles can hold up in the standlegs and form plugs that ob­
struct the further flow of any solids.

This is particularly a problem in the char standleg, where the lightest, 
finest char particles are easily stripped out of the bulk solids flow.
The sloped section of the char standleg is extremely sensitive to 
changes in gas flow. Experimental work at the Conoco Coal Development 
Company Library Research Center has shown that the maximum pressure 
drop per linear foot of line allowed in a 60 degree sloped standleg



before fluidization, of the particles takes place is only 40-45% of the 
maximum pressure drop per linear foot of line for a vertical standleg.
In a sloped standleg, the gas bypasses much of the solids as the solids 
settle to the bottom of the pipe and the gas flows in the open area 
above the solids. Since the cross sectional area available for gas 
flow is reduced, the gas velocity increases promoting the fluidization 
and stripping of fine material at the upper periphery of the line. As 
a result, a certain purge rate to the char standleg may allow stable 
operation of the vertical section but cause problems in the sloped section.

A diagram of the gasifier-regenerator system and the pressure balance 
arrangement is illustrated in Figure 5-10. Typical pressures at various 
points, in inches of water column (W.C.) relative to Location 1 (gasifier 
unit) are shown. The pressure drop across the gasifier fluid char bed 
is about 150 in. W.C. and a pressure drop of about 75 inches W.C. occurs 
across the fluidized boot and transition section. The pressure at Location 
5, just above LCV-2003 on the CD-204 recarbonated acceptor standleg, is 
typically 50 in. W.C. or more higher than the boot. This pressure relationship 
is critical and is closely monitored to insure that the standleg is at a 
higher pressure than the boot. Otherwise, steam may enter the standleg 
from the boot. Acceptor lift gas flows up the lift line from the 
engager pot and does not enter CD-204, because of the approximately 
10 in. W.C. drop across the LCV-2003 valve. The pressure drop across the 
acceptor lift line is typically 75 in. W.C. The pressure drop across the 
regenerator bed is about 330 in. W.C., or about 12 psi. The differential 
pressure between the regenerator and gasifier is about 5 psi (as measured 
by dP-2030) in this example. To prevent the flow of gas from the gasifier 
into the regenerator through the CD-206 acceptor standleg, the standleg is 
purged with nitrogen just above the TCV-2030 valve. The purge raises 
the pressure at this point as it is typically 2-5 in. W.C. higher than 
the gasifier. Purge gas, therefore, flows back into the gasifier and 
prevents the gasifier process gas from entering the standleg. The pressure 
drop across the char lift line is about 50 in. W.C. Again, as in the CD-204 
acceptor standleg, a purge is placed just above the LCV-2002 valve to pre­
vent lift gas from entering the standleg. The pressure drop across the 
valve is about 10 in. W.C. The pressure drop across the entire vertical section 
of the char standleg is about 135 in. W.C., while the pressure drop across the 
shorter sloped section is about 15 in. W.C.

The pressure drop across the char standleg has caused problems due to the 
stripping of char fines from the standleg. It is desired to minimize the 
purge rate, and, hence the standleg pressure drop. An analysis of the 
system pressure balance was initiated to determine what effect minimizing 
the char standleg dP had on the other standleg pressure balances. Par­
ticularly, a relationship was developed between the pressure differentials 
for the char standleg and the lower acceptor standleg, CD-204.

Referring to Figure 5-10, a pressure balance around the loop composed of 
the lower acceptor standleg and lift line and the upper acceptor standleg 
yields:
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dP (1-2) + dP(2-3) + dP (3-4) + dP(4-5) + dP(5-6) = (5-15)
dP (1-9) + dP (9-8) + dP(8-7) + dP(7-6)

where dP(I-J) denotes the differential pressure drop between Points I 
and J.

Similarly, for a pressure balance around the char lift line and standleg 
and the upper acceptor standleg, we have Equation (5-16):

dP (1-2) + dP(2-12) + dP(12-13) + dP(13-14) = dP(l-9) + dP(9-8)
+ dP(8-15) + dP(15-14)

The following is assumed:

(1) The boot acceptor bed height is 5 feet.
(2) The dP across the fluid beds is equal to the bed density times 

the bed height.

Let: X = dP(4-5) + dP(5-6) = dP-2019 + dP-2037, in. W.C. = dP across 
lower acceptor standleg.
Y = dP(2-12) + dP(12-13) + dP(13-14) = dP-2020 + dP-2102 + dP-2036, in. 

W.C. = dP across char standleg.
= Char bed density, Ib/cu ft 
= Boot density, Ib/cu ft 

R!I = Regenerator bed density, Ib/cu ft 
h = Char bed height above the boot, ft 
D = dP(1-9) = dP-2030, in. W.C.
A = dP(8-7) + dP(7-6) = dP-2021 + dP-2022 + dP-2073, in W.C. = 

dP across the acceptor lift line.
C = dP(8-15) + dP(15-14) = dP-2080 + dP-2028 in. W.C. = 

dP across the char lift line.

Employing the two assumptions, the following dP's can be defined as 
(using 0.1922 to convert Ibs/sq ft to in. W.C.):

dP (1-2) = (0.1922) (H-19.6)R (5-17)
dP (9-8) = (0.1922) (17.5) R (5-18)
dP(1-2) + dP(2-3) + dP(3-4) = (0.1922) HR1 + (0.1922)(5)R2 (5-19)

Substituting Equations 5-17 to 5-19 and the above definitions into 
Equations 5-15 and 5-16, and then combining the two equations, the 
final relationship that results between the char and lower acceptor standlegs 
is:

X = Y-3.773 R1 - 0.962 R2 + A-C (5-20)

Equation 5-20 is presented graphically in Figure 5-11, using typical 
operating values for the parameters R., R2, A, and C. The figure 
shows Y (the dP across the char standleg) in terms of Y/R^L (where L 
is the length of the char standleg in feet). This pressure drop factor 
represents the fraction of the maximum attainable pressure drop in the 
line.
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The lower the pressure drop factor, the less char stripping should 
take place, due to the lower gas velocity. It is highly desirable, 
therefore, that the pressure drop factor be kept as low as possible.
Since the standleg length (L) is already set by the physical makeup 
of the plant and the char bed density (R^) is controlled to meet other 
process criteria, only the char standleg differential pressure can be 
lowered to decrease the pressure drop factor. This is accomplished 
by increasing the differential pressure between the gasifier and the 
regenerator.

However, Equation 5-19 and Figure 5-11 shows a limit to the lowering of 
the char standleg differential pressure. If the gasifier-regenerator 
differential pressure is increased so that the differential pressure 
across the lower acceptor standleg is zero, there is still a significant 
differential pressure across the char standleg. It is impossible to 
operate the pilot plant with zero pressure drop across the char standleg 
and still maintain a positive differential pressure across the lower 
acceptor standleg to keep boot steam out of the line. Since dP-2019 on 
the lower acceptor standleg is operated with a positive differential 
pressure of 30-60 in. W.C. as a safety factor, the minimum differential 
pressure across the char standleg is higher still. The minimum differ­
ential pressure across the char standleg requires a minimum purge rate 
on the line. Therefore, some char stripping is unavoidable.

In the pilot plant, the original 2-inch char standleg piping was replaced 
with 3-inch pipe, and the sloped standleg section was later increased to 
4 inches in diameter. Solids plugs did not form as easily in the larger 
diameter pipe as in the smaller line, because of the reduced tendency 
for the solids to form bridges across the larger cross-sectional area of 
the new pipe. The sloped section piping was chosen to be a larger diameter 
than the vertical section, so that the purge gas velocity would be lower 
in the sloped section. The lower gas velocity minimized potentially trouble­
some stripping of fine char in the critical sloped standleg section. Stand- 
leg operation was greatly improved by the larger lines.

The value of the term "3.773 Rj" in Equation 5-20, is dependent on the 
location of the fuel char inlet above the char-acceptor interface 
level. Thus, the required differential pressure across the char standleg 
could be lowered if the char withdrawal point on the gasifier was placed 
lower in the char bed. However, location of the char withdrawal was fixed 
by the physical design of the pilot plant and could not be changed to 
benefit the char standleg.

5.2.5.2 Between Vessels

The differential pressure between the gasifier and the regenerator is 
the overall controlling factor in the system pressure balance. The control 
of the differential pressure between the vessels is critical; therefore, 
gross fluctuations in the differential pressure are undesirable.

Maintaining the vessel dP presented several engineering difficulties:

(1) a 3-6 psi differential between the 'two large vessels was required, 
while controlling the gasifier exit pressure at 150 psig.

(2) Both vessels contained fluidized beds which produced 1 or 2 psi 
fluctuation in the vessel pressure measurements.
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(3) The back-pressure control valves for both vessels are located well 
downstream of the vessels, with the cyclones, venturis, quench towers, 
and scrubber towers in between producing a vessel pressure response 
lag to control valve positioning changes.

(4) Gas flow in the gasifier was peridically subject to wide fluctuations. 
Changes in coal feed were mostly responsible for this. Any sudden 
increase in the coal feed rate would cause a sudden gas flow increase 
as the volatile matter in the coal was rapidly released and gasified. 
Alternatively, decreasing or stopping coal feed sometimes resulted
in a significant drop in reactor gas flow.

Originally, the vessel differential pressure was used to control the re­
generator vent control valve, dPCV-2030, so that a constant differential 
pressure was maintained. This control scheme proved to be ineffective in 
handling the pressure fluctuations in the two vessels. The system was re­
vised to a cascade control system. This system was installed and 
operated with good success for the remainder of the pilot plant program.

Under the cascade control system, the pressure in both the gasifier and 
regenerator is controlled by a pressure control valve on the overhead gas 
exit line downstream of each vessel. Figure 5-12 shows PCV-2022 and 
dPCV-2030, pressure control valves for the gasifier and the regenerator, 
respectively. Each control valve is controlled by the pressure in the 
respective vessel.

A high pressure in the vessel is sensed by the pressure controller, which 
signals the pressure control valve to open and vent more gas from the 
vessel. Low-pressure signals cause the pressure control valve to close 
and increase the pressure in the vessel. The pressure controller on each 
vessel is tuned to be fast acting, so that the pressure in each vessel is 
held roughly constant. The pressure taps for the transmitters are located 
at the top of each vessel, well out of the fluidized bed, in order to reduce 
the noise in pressure measurement. Locating the taps in the fluid bed 
would cause a wider variation in pressure due to the passage of gas bubbles 
past the taps, and would make control of the vessel pressure much more 
unstable.

The set point on the gasifier pressure controller, PRC-2022, is manually 
set at 150 psig. The PCV-2022 valve will respond to correct any deviations 
in the gasifier pressure from the set point value. The gasifier pressure, 
therefore, is controlled completely independently of the regenerator pressure 
and its controller operation.

The set point on the regenerator pressure controller (PRC-2018) is cas­
cade controlled by the vessel differential pressure (dP-2030) signal.
If the dP-2030 reading rises above the dPRC-2030 set point level (set 
normally between 3-6 psi), the signal from dPRC-2030 raises the PRC-2018 
set point. Now the PRC-2018 reading is lower than its set point, so the 
controller sends a signal to close dPCV-2030. The pressure in the re­
generator will then rise until it reaches the PRC-2018 set point value.

The dPRC-2030 controller is tuned to be slow acting. In addition, an
RC filter is placed in the dPT-2030 signal line to the controller. The
RC filter consists of a small valve and tank placed in series in the
controller signal line that provides a first-order lag in transmittal of
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the pressure signal to the controller. The purpose of the slow-tuned 
controller and the RC filter is to allow the controlled set point on the 
regenerator pressure controller, PRC-2018, to follow average fluctuations 
in dP-2030, rather than the instantaneous differential pressure fluctua­
tions caused by either the regenerator or the gasifier fluidized beds.

Using this cascade control system, the differential pressure between the 
two vessels can be reliably maintained at a set value. The cascade control 
method for controlling the regenerator pressure is much better than the 
original direct control of the regenerator pressure to maintain a constant 
differential pressure between the vessels. The advantage of cascade control 
is that pressure fluctuations in either vessel are corrected by the vessel's 
own fast-acting pressure control system and are not passed on to the other 
vessel. In the direct control system, the regenerator pressure was forced 
to follow all gasifier pressure fluctuations. The cascade indirect control 
of dPCV-2030 allows the valve to follow average (instead of instantaneous) 
fluctuations in the vessel differential pressure.

3 Across Standlegs

A typical standleg control installation is shown in Figure 5-13. Three such 
lines are used in the pilot plant to transfer solids between the gasifier 
and regenerator reactors. The lines are as follows (see Figure 5-10):

(1) The calcined acceptor standleg, CD-206
(2) The recarbonated acceptor standleg, CD-204
(3) The fuel char standleg, CO-202

The solids in the standlegs are not fluidized and are transferred through 
the lines in a plug flow manner, thereby providing gas seals between the 
reactors. A balance gas purge is placed on the standleg just above the 
solids flow control valve in order to prevent process or lift gas from 
entering the standleg from either end.

The pressure in the standleg is normally highest at the purge injection 
point and decreases in both directions from that point. This causes 
the purge gas to flow in both directions from the point of entry, unless 
influenced by another purge on the standleg. The balance purge therefore 
controls the pressure drop in the two sections of the standleg.

The sign convention established for the differential pressure in the 
standleg is that the direction of the overall standleg differential 
pressure is positive. The pressure drop in the lower section of the 
standleg across the solids flow control valve is therefore negative. The 
pressure drop across the upper portion of the standleg, where purge gas 
flows against the downward moving solids, is positive. The purge gas 
rate can vary' the differential pressure across the two standleg sections, 
but their sum must always equal the overall standleg differential pressure 
which is dictated by the differential pressure between the regenerator and 
gasifier reactors.

The balance gas purge control system is shown in Figure 5-13. The dif­
ferential pressure across the solids flow control valve regulates the 
purge flow rate. The purge flow is controlled so that a slightly negative 
differential pressure across the solids control valve is obtained. The 
slightly negative differential pressure is maintained, instead of controlling
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at zero pressure differential, as a safety precaution against normal pres­
sure fluctuations in the system which would allow some process gas leakage
into the standlegs.

Since the purpose of the purge is to prevent process gas from flowing 
into the standieg, any additional purge more than that required to just 
balance the tendency of process gas to enter the line is unnecessary. 
Furthermore, high-pressure differentials across the solids control valve 
also increase the purge gas flow up the standleg against the solids flow.
This is especially significant in the char standleg, where high upward 
purge gas flows may lead to char fines stripping and plug formation.

5.3 GASIFIER OPERATION

The heart of the acceptor process is the gasifier, in which the endo­
thermic reaction or char and steam must be balanced by the exothermic re­
action of calcined acceptor and carbon dioxide to maintain a steady-state 
operation with regard to pressure, temperature and effluent gas composition.

The achievement of sustained successful gasifier performance requires the 
following:

(1) Adequate reaction rates.
(2) Control of particle residence times.
(3) Adequate uniformity of particle distribution within the reaction zone.
(4) Effective gas-solids contacting.
(5) Avoidance of conditions resulting in deposits within the system.
(6) Control of solids transport into and out of the vessel, as described 

in Section 5.2 above.

The following sections present in detail pilot plant results and correlations 
related to the several factors enumerated above. It is noteworthy that the 
pilot plant results are consistent with prior bench-scale data^1^2^3 4^ 
and also with the basis for the design of the projected commercial operationw 
Accordingly, extrapolation of the pilot plant results to a larger scale 
of operation can be carried out with confidence.

5.3.1 C02 ACCEPTOR PROCESS MODEL

In 1971, Consolidation Coal Co. developed a mathematical model of the 
CO2 acceptor process, which was embodied in a computer program, to cal­
culate heat and material balances. The model was continually refined 
and updated as pilot plant data became available.

(1) Phase II, "Bench-Scale Research on CGS Process - Studies on Mechanics 
of Fluo-Solids Systems," Jan. 1970, R § D Rpt. No. 16, Interim Rpt. 
No. 3, Book 1, NTIS: PB-184718/AS.

(2) Phase II, "Bench-Scale Research on CGS Process - Laboratory Physico- 
Chemical Studies," Jan. 1970, R $ D Rpt. No. 16, Interim Rpt. No. 3, 
Book 2, NTIS: PB-184719/AS.

(3) Phase II, "Bench-Scale Research on CGS Process - Operation of the 
Bench-Scale Continuous Gasification Unit," Jan. 1970, R 8 D Rpt.
No. 16, Interim Rpt. No. 3, Book 3, NTIS: PB-184720/AS.

(4) "Commercial Plant Conceptual Design and Cost Estimate—CO2 Acceptor 
Process Gasification Pilot Plant," DOE Final Report No. FE/1734, 
Volume 10, Books 1, 2, and 3.
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Use of the program requires the following input data:

(1) Gasifier and regenerator bed temperatures.
(2) System pressure.
(3) Coal feed rate and composition.
(4) Gasifier steam and recycle gas flow rates and temperatures.
(5) All purge gas flow rates and compositions.
(6) Regenerator lift gas flow rates and temperatures.
(7) Percent carbon burnout of the regenerator fuel char.
(8) Percent CO in the regenerator dry exit gas.
(9) Acceptor make-up rate.
(10) Acceptor activity.
(11) Heat losses from the gasifier and inlet piping.
(12) Heat losses from the regenerator and inlet piping.
(13) Char loss from the gasifier cyclone, flow Tate, and composition.
(14) Methane yield based on correlation of plant and bench scale data.
(15) Regenerator fuel char composition (% H, N, S).
(16) Regenerator auxiliary fuel flow rate and composition.

The program generates the following output data:

(1) Flow rates and compositions of the outlet gas streams.
(2) Enthalpies of all streams, inlet and outlet.
(3) Acceptor circulation rate.
(4) Regenerator fuel char flow rate, % C, % ash.
(5) Regenerator air inlet rate.
(6) Regenerator overhead char + ash, flow rate, and composition.
(7) Purged acceptor flow rate.
(8) AP CO2 driving forces in the gasifier and regenerator.
(9) Kinetics data for rate of fixed carbon gasification.
(10) Yields of H^S and NH^* based on plant and bench-scale data.

Calculations of accurate heat and material balances strictly from plant 
data are hindered by the lack of the following data:

(1) Because of the severe pressure and temperature conditions, the 
acceptor circulation rate and regenerator fuel char rate cannot
be measured directly. This problem was recognized during the design 
of the plant, and the decision was made to calculate these rates by 
means of heat and material balances. This need was the prime motivation 
to develop the mathematical model of the plant.

(2) At times, some of the desired measurements of flows, compositions, 
etc., cannot be made because of mechanical problems.

The model internally closes the heat balances and the elemental and ash 
balances for each reactor to within 1 part per million. Data in the tables 
in Section 5.6 will show very slight gaps which are caused by rounding.
A cornerstone of the model is that water gas shift equilbrium occurs, an 
assumption which has been confirmed in the CCDC laboratories over many 
years in experiments with several coal-based systems.

* The NH^ yield is taken as 60% of the coal nitrogen, based on bench-scale data.
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Standard conditions are:
(1) 60° F.
(2) Liquid water.
(3) 1 pound mol = 379 standard cubic feet.

The heat balances and the elemental balances for C, H, 0, and S, as 
well as the ash balances for each reactor, are embodied in a set of 
19 nonlinear simultaneous equations which are solved by an iterative 
technique.

5.3.2 METHANE YIELD CORRELATION

5.3.2.1 Introduction

During Radian Corporation sampling of the gasifier product gas upstream 
of the quench tower (see Volume 11 of this report), the only hydrocarbons 
other than methane which were found in amounts above the practical limits 
of detectability were:

Concentration, 
ppmv in dry gas

CD C_H. + C0H2 4 2 6
390

(2) Benzene 150
(3) Naphthalene 2-5

In the C0? acceptor process model, in view of the above low concentrations, 
the assumption is made that the only hydrocarbon in the raw product gas 
is methane.

In conjunction with elemental balances for C, H, and 0, along with the 
assumption of equilibrium in the water gas shift reaction, the product gas 
composition can be calculated if the methane yield can be specified.

5.3.2.2 Correlation for Lignite and Bituminous Coal Chars

In 1972, Consolidation Coal Company obtained kinetics data on the rate 
of fixed carbon gasification of a bituminous coal char.^ A continuously 
fed fluidized bed reactor was used at 15 atm abs pressure. Data from that 
study which are pertinent to the discussion here are shown in the first two 
sections of Table 5-2. Subsequent to the publication of the cited work, a 
correlation was developed which expressed the amount of methane formed as 
functions of the partial pressures of the other components in the outlet 
gas.

(5) Curran, G. P. et al, "Production of Clean Fuel Gas from Bituminous Coal, 
Work Sponsored by EPA Under Contract No. EHSD71-15, Dec. 1973,
NTIS: PB-232695/AS.
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(Equation 5-21 )

p x partial pressure, atmospheres 
A . exp <-841.321 + .05S6461T * 2S4851/T)
II e exp (.843838 - .000S57601T 4 I0B0.12/T)
C » exp (14.0442 - 33804.8/T)

T • 0R . °F + 480
Data Uaed For Correlation^* "'

Bitunlnoua Coal Cbar
---------1620*?--------

PCB4 “ A (*00?)

Obs. Calc.
Run PHa PCO pcoi PH,0 P **inert PCH. PCH« it Diff.

K1 2.178 1.467 1.278 2.390 7.563 .126 .127 .8
K2 3.490 1.288 1.042 3.564 5.393 .223 .236 5.8
K3 2.111 2.113 3.925 4.947 1.761 .143 .140 -2.1
K4 3.475 1.449 1.847 5.598 2.361 .270 .252 -6.7
K5 2,718 1.583 2.920 6.326 1.243 .210 .190 -9.5
K6 5.040 ,476 .367 4.906 3.839 .372 .343 -7.8
K7 2.567 .809 1.032 4.133 6.274 .185 .155 -16.2
K2A 2.800 1.215 1.270 3.700 5.857 .158 .179 13.3
K4A 3.465 1.393 1.892 5.946 2.050 .254 .252 -.8
K5A 2.619 1.439 2.948 6.771 1.055 .168 .181 7.7
K6A 4,972 .378 .308 5.113 3.912 .317 .330 4.1
K7A 2.300 .560 1.004 5.205 5.797 .134 .133

Mean
-.7
6^

Standard Deviation 4.8
max/min 2.4 5.6 13 2.6 7.2 3.0

17QO°F

K10 2.181 2.230 1.260 1.767 7.463 .099 .112 13.1
Kll 3.404 2.065 1.006 2.375 5,969 .181 .189 4.4
K12 2.005 3.296 4.079 3.563 1.902 .155 .131 -15.5
K13 4.313 2.277 1.556 4.230 2.350 .274 .281 2.6
KI4 3.161 2.807 2.871 4.641 1.315 .205 .217 5.8
K15 6.022 .866 .341 3.401 4.022 .346 .308 -11.5
K16 3.216 1.501 .964 2.959 6.218 .142 .174 22.5
K11A 3.386 1.883 1.014 2.613 5.924 .174 .188 8.0
K12A 1.773 3.060 4.315 3.588 2,127 .137 .113 -17.5
K13A 4.011 2.158 1.668 4.451 2.457 .255 .260 2.0
K14A 3.039 2.599 2.983 4.999 1.198 .182 .208 14.3
K15A 5.964 .646 .264 3.495 4.305 .326 .288

Mean
-11.6
10.7

Standard Deviation 6.1
max/min 3.4 5.1 16 2.8 5.0 3.5

Lignite Char
i% .» Calculated from Tables a-9Auaia

100 <(*) - oba.)
Bed Temperature, Calc,*1* Calc/’* Oba.(,) Obs.

Run °F Phng pCO pcos PHjO P *
Mnert PCH. PCB« PCH. } Diff.

21-1 1480 4.479 1,167 .822 3.093 .300 1.139 1.197 1.172 2.1
21-11 1480 4.490 1.135 .808 3.136 .295 1.136 1.201 1.222 -1.7
21-111 1600 4.208 1.315 .836 2.729 1.082 .830 .836 .950 -12.0
26B 1495 5,001 1.254 .673 2.708 .276 1.088 1.145 1.211 -5,4
28B 1490 4.619 1.400 .847 2.795 .280 1.059 1.095 1.132 -3.3
33B 1490 4.658 1.366 .825 2.811 .277 1.063 1.108 1.094 1.3
39 1490 4.899 1.281 .681 2.603 .451 1.085 1.187 1.099 8.0
4 OB 1480 3.646 1.235 .881 2.551 1.738 .949 .876 .938 -6.6
460 1490 5,385 1,693 1.160 3.690 .682 1.290 1.400 1.296 8.0
478 1510 4.829 1.617 .758 2,353 .500 .943 .904 .986 -8.3

Mean of 34 Data Seta 7.74 Mean ~F7f
Standard Deviation 5.4$ Standard Deviation 3.3

(i) Loosely converged. See text.
(») Calculated from Equation 5-21 «
(9) Calculated from plant dry gaVcH* contents and outlet wet gas flowrates from Tables 5-13 through 5*24 ,

* Pinert is partial pressure of Ns plus small amounts of HsS and NHa.

Heferences

(5) Cufran, 0. P., et al, "Production of Clean Fuel Gaa fro. Bituminoue Coal." December, 1973, NTIS PB-232-695/AS. Work aponaored by EPA under
Contract No. EHSD 71-15,

(**) This work.

Table 5-2. METHANE YIELD CORRELATION
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As data became available from the CO2 acceptor pilot plant, this cor­
relation (with slight modification) was incorporated into the process 
model and was found to predict very well the observed yields of 
methane for the runs in which lignite char was fasified. The modified 
correlation was used from 1975 to 1977. After the final workup of 
the pilot plant data, a new correlation was developed which included 
the ten sets of lignite data selected for calculation of the detailed 
heat and material balances which are presented in Subsection 5.3.6.
Data which are pertinent to the correlation are shown in the third 
section of Table 5-2.

The correlation expresses the methane partial pressure at the top of 
the gasifier bed as functions of the and CO2 partial pressures and 
the bed temperature:

PCH = A(pH2)B(pC02)C (5-21)
4

p = partial pressure, atmospheres 
A = exp. (-241.321 + .0556461T + 254651/T)
B = exp. (.943958 - .000557601T + 1090.12/T)
C = exp. (14.0442 - 33604.6/T)T = °R = °F + 460

The methane yield correlation was not part of the original computerized 
version of the process model. Incorporation of the correlation into the 
matrix which expresses 19 nonlinear simultaneous equations would have 
required a major revision of the original computer program. Instead, 
a simple subroutine was added which allowed convergence of the methane 
yield by using trial values of the methane content of the dry product 
gas. In use of the program, the methane yield was not tightly con­
verged. To have done so would have approximately doubled the computer 
time charges. Table 5-2 shows two columns of calculated methane partial 
pressures for the pilot plant runs. The mean difference between the 
loosely converged values and those calculated from Equation 5-21 is 5% 
with a maximum difference of 9%.

5.3.2.3 Correlation for Subbituminous Coal Char

Equation 5-21 does not predict very well the pilot plant methane yields 
in the four subbituminous coal runs selected for calculation of the detailed 
heat and material balances presented in Section 5.3.6.

In coal rank, subbituminous coal lies between lignite and bituminous coal.
On the assumption that the exponents, B and C, in Equation 5-21 are in­
dependent of rank, the coefficient. A, in Equation 5-21 was calculated 
for each run from the data given in Table 5-3. The mean value of A was 
0.1112 and the individual values showed no trend with bed temperature.
The methane yield correlation for subbituminous coal char then becomes,

PCH = .1112 (pH2)B(pC02)C, (5-22)
4

with the terms defined as previously. As shown in Table 5-3, the mean 
deviation of the calculated methane partial pressure is 3.5%.

The lack of temperature dependence for A probably is the result of 
assuming the B and C are independent of coal rank. Not enough data are 
available from plant operations to evaluate the individual temperature 
dependencies of A, B, and C.

73



(Equation 5-22 )

. ■ Data Calculated from Tables 5-11
Bed

Temperature,
Run °F PH8 PC0 pco8

31-111 1480 2,531 1.509 1.326
31-11 1470 2.569 1.580 1.338
38C 1515 4.268 1.113 .699
45 1528 4.586 1.406 .814

-c^

5-12, 5-19 , and 5-22
Obs. Calc.?s5

i> DiffPH20 PInert pch4 pch4
2.180 3.090 .464 .465 .2
2.089 3.023 .501 .481 -4.0
2.836 1.120 .964 .940 -2.5
2.870 .365 .959 1.028

Mean
7.2
3.5

(i) Calculated from plant dry gas CH4 content and wet gas flowrates given in Tables 5-11 , 5-12 , 5-19 , and 5-22 . 
(a) Calculated from Equation 5-22 .

Table 5-3 METHANE YIELD CORRELATION FOR SUBBITUMINOUS 
COAL CHAR



5.3.3 GASIFICATION KINETICS MODEL FOR LOW-RANK COAL CHARS

5.3.3.1 Introduction

In 1966, Consolidation Coal Company made a detailed study of thg (6) 
kinetics of fixed carbon gasification of a lignite char at 1500 F.
A batch fluidized bed reactor system was used at a total pressure of 
about 16 atm abs. Special emphasis was placed on measuring accurately 
the rate of Cil^ formation. The data were correlated on the basis of the 
following model reactions:

(1) C + H^O = CO + H2 (for carbon oxides formation)

(2) 2 C + H20 + H2 = CH^ + CO (for methane formation)

Attainment of water gas shift equilibrium was demonstrated conclusively, 
even in fluidized beds containing as little as one gram each of carbon 
and ash with a nominal gas contact time of 1 second.

The following rate expressions were developed.

k(pH20 " PC0PH2/K) 

c (! + k1Ph20 + K2PH2 + K3PC0') 1R =
(5-23)

RCH

k'(Ph dPh “ Pph prn/K,)H2° H2 CH4 CQ 2 (5-24)

4 (1 ♦ K-lP + K«2p + K-^ + K*4p )

Rc = RT " 2 RCH, (5-25)

where:
p = partial pressure, atm

lb carbon in (CO + C02 + CH^) formed/minute x 10

CH,

lb fixed carbon in bed

lb carbon in CH^ formed/minute x 10 

lb fixed carbon in bed

k, K, etc = experimentally determined constants

The carbon oxides rate, R , is given by R - 2R because one mol of COC i M4
accompanies each mol of CH^ according to the model reaction for CH^ 
formation.

(6) Curran, G. P. et al, "Kinetics of Lignite Char Gasification," I § EC 
Process Design and Development, Vol. 8, Oct, 19^9, p. 559.
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Later, additional kinetics data for lignite char gasification were 
obtained in a continuously fed fluidized bed reactor at temperatures of 
1500°F and 1600°F^J • System pressures were 11 and 20 atm abs. The data 
were correlated by using Equations 5-23 and 5-24. To allow direct use of 
these equations, the assumption was made that an "effective" gas composition 
could be assigned to each set of experimental data. Somewhat arbitrarily, 
the effective gas compositions were taken as 90% of the outlet gas partial 
pressures + 10% of the inlet gas partial pressures. The assumption appeared 
to be justified, because very good correlations were obtained. As in the 
batch data correlation, the value of K' in Equation 5-24 was taken as the 
equilibrium constant for the reaction,

2 C + FLO + FL = CH, + COgr 2 2 4
Cgr = graphite

Results of the study gave the following temperature dependent expressions 
for the constants in Equations 5-23 and 5-24.

k s 1615 exp(44.096 - 90840/T) (5-26)
K ss 18.52 exp (29.179 - 60110/T) (5-27)
Kl s .05 exp (31.548 - 64990/T) (5-28)
k2 s .20 (5-29)
K3 = 1.4 exp(10.738 - 22120/T) (5-30)
k» £ 41.8 exp(39.587 - 81550/T) (5-31)
K» .491 exp(4.6053 - 9487/T) • (5-32)
K’l .05 exp(9.995 - 20590/T) (5-33)
K'2 S .15 exp(-19.204 + 39560/T) (5-34)
K'3 1.4 exp(9.7766 - 20140/T) (5-35)
K'4 g£ .7 exp (11.1700 - 23010/T) (5-36)

T = °R = °F + 460

5.3.3.2 The Kinetics Model - Application of Rate Equations to the CO^
Acceptor Process Gasifier

Dry coal is fed to the bottom of the gasifier where it is devolatilized 
rapidly.'-3 * * * 7^ The rate of gasification of the residual fixed carbon is slow, 
compared with the devolatilization rate. To use the kinetics model for 
prediction of the overall rate of fixed carbon gasification, the conditions 
at the bottom of the gasifier must be defined. The following set of as­
sumptions are made to provide the partial pressures of the gas components 
leaving the top of an hypothetical zone, termed "Zone zero," which con­
ceptually is very thin compared with the height of the gasifier fluidized 
bed.

(3) Phase II, "Bench-Scale Research on CSG Process - Operation of the
Bench-Scale Continous Gasification Unit," January, 1970, Interim
Rpt. No. 3, Book 3, Research and Development Report No. 16, National
Technical Information Service PB-184720/AS.

(7) Suuberg, E. M. et al, "Product Composition and Kinetics of Lignite 
Pyrolysis", I § EC Process Design and Development, Vol. 17, January, 
1978, p.37.
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(1) All of the coal oxygen is released.

(2) All of the product H^S and NH^ are formed in the zone.

(3) All of the purge gas streams enter the zone.

(4) All of the coal hydrogen except that contained in the char streams 
leaving the gasifier is released.

(5) All of the volatile carbon in the coal is released. The volatile 
carbon content is obtained for each feedstock by a laboratory 
assay in which g sample of dry coal, fluidized 4h is heated 
rapidly to 1500 F by being immersed suddenly into a fluidized sand 
bath furnace preheated to 1510°F. Typically, the volatile carbon 
is about 25% of the total carbon in the coals which were used.

(6) No fixed carbon is gasified in the zone.
•

(7) All of the acceptor CaCO^ is formed above the,zone.

(8) Water gas shift equilibrium is attained.

(9) The methane content of the gas leaving the zone is that given by 
the methane yield correlation described in Subsection 5.3.2.

With these assumptions, along with the known flow rafes of coal and steam 
entering the gasifier,* the gas composition and component partial pressures 
leaving the zone are calculated through use of elemental balances for car­
bon, hydrogen, and oxygen. No assumption as to the nature of gas-solids 
contacting is needed to carry out this calculatibh.

The remainder of the kinetics model is constructed as follows, with use 
of the gasifier output data from the process model such as are shown in 
Subsection 5.3.6 (Heat and Material Balances).

(1) The amount of fixed carbon gasified is defined as: total carbon 
in - (volatile carbon released in Zone zero +. carbon in all char 
streams leaving the gasifier).

(2) The amount of methane leaving the top of the gasifier bed is deter­
mined by the process model which uses the methane yield correlation 
described in Subsection 5.3.2.

(3) The gasifier bed is divided into four zones, in each of which the 
following occurs.

(a) One-fourth of the fixed carbon gasification occurs.
(b) One-fourth of the difference between the methane leaving the 

top of the gasifier and that leaving Zone 0 (entering Zone 1) 
is added to the gas which enters the zone.

* If air, recycle gas, or C02 are fed to the gasifier as an adjunct to 
operations, these flow rates are included.
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(c) One-fourth of the total CaCO,, including the small amount present 
in the char ash streams, is formed.

(d) Water gas shift equilibrium is attained.
(e) As in Zone 0, no assumptions about gas-solids contacting are made.

(4) The gas compositions and component partial pressures leaving each zone 
are calculated through use of carbon, hydrogen, and oxygen balances.

(5) As was done for the correlation of the earlier continuous unit kinetics 
data, an effective partial pressure for the components in each zone was 
assigned by taking 90% of the outlet gas partial pressures plus 10% of 
the inlet gas partial pressures.

(6) Using the effective partial pressures. Equations 5-23, 5-24, and 5-25 
are solved for each zone.

(7) Since an equal amount of fixed carbon is gasified in each zone, the overall 
gasificiation rate, R^, is given by:

4/R = 1/Rt + 1/Rt + 1/Rt + 1/Rt
l 2 3 A

(5-37)

5.3.3.3 Kinetics of Fixed Carbon Gasification for Subbituminous Coal Char
131During the study1 J which provided kinetics expressions for gasification 

of lignite char, five runs were made with subbituminous coal char at 
1600 F. Unfortunately, only a single run was made at 1500 F. Therefore, 
development of kinetics expressions covering a range of temperatures was 
not possible.

Runs 38C and 45 at the pilot plant gave the opportunity to develop the 
needed kinetics expressions for subbituminous coal char. A stepwise 
procedure was required to use the plant data, which gave only the total 
gasification rate, R^, to provide temperature dependent expressions for
R and R . A necessary assumption was made that the coefficients inC CH^
the denominators of Equations 5-23 and 5-24 are the same for both sub­
bituminous coal and lignite chars.

5.3.3.3.1 Recorrelation of the Earlier 1600°F Data

With the above assumption, the new values of k and K in Equations 5-23
and 5-24 for R and R„..c CH^

k = 790 
K = 13.96

are:

k' = 16.83 
K’ = .491

Comparisons of the correlated and measured values of R and R 
shown below. OF are

(3) Phase II, "Bench-Scale Research on CGS Process - Operation of the 
Bench-Scale Continuous Gasification Unit," Jan. 1970, R § D Rpt. 
No. 16, Interim Rpt. No. 3, Book 3, NTIS: PB-184720/AS.
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Rc RCH,
4

Run Calc. Obs. % Diff. Calc. Obs. % Diff.

K3E 25.7 22.5 14.2 5.07 5.7 -11.0

K3B 27.2 27.4 -.7 6.24 6.2 .6

K3F 33.7 33.7 0 8.23 7.8 5.5
K3D 52.0 54.8 -5.1 5.06 5.7 -11.2

K2 21.9 23.8 -8.0 9.18 7.4 24.0
Mean 5.6 10.5

5.3.3.3.2 Calculation of k' vs. Temperature Expression Using Pilot Plant Data

A further assumption had to be made here in that the rate, , in Equation 
5-24 for the plant data was in proportion to the ratio, ^

Measured R^ from plant data
Rj, from plant partial pressures* calculated as if lignite char were used

Data from a preliminary workup of Run 38C were used in the process 
model to supply the needed partial pressures. The coefficient, k', 
then was calculated from Equation 5-24 agd was corrected by the above 
ratio, giving the value of 3.462 at 1515 F. This, in conjunction with 
the 1600 F value, gave the following temperature dependent expression.

k' = 16.83 exp(36.7409 - 75686.3/T) (5-38)

5.3.3.3.3 Calculation of K vs. Temperature Expression Using Pilot Plant Data

In Equation 5-23, the coefficients k and K, cannot be deduced from 
plant data as simply as was k' in Equation 5-24. The temperature 
dependency of neither k nor K is known. (The temperature dependency 
of K' in Equation 5-23 is known, because it had been defined as the 
equilibrium constant for the reaction, 2 C^ + F^Q + = CFI^ + CO.)

Equation 5-23 can be rearranged as:

pH20 = pCoPh2 * Rc(denominator)

K k

Data from preliminary workups of Run 38C and 45 were used in the process 
model to supply the necessary partial pressures for use in developing 
a preliminary kinetics expression for R . The kinetics model also was 
used to provide the outlet partial pressures from Zone 3. These partial 
pressures, along with the gas partial pressures at the top of the gasifier, 
gave four sets of input data for the above equation, which was solved for 
k and K using a least squares technique. The values of Rc had been multi­
plied by the same ratio used in 5.3.3.3.2, above. The resulting pre­
liminary value of k, 119.5 at 1522°F**, in conjunction with the 1600°F 
value, gave the following temperature dependent equation:

* Partial pressures at the top of the gasifier bed were used.
** The mean temperature for Runs 38C and 45 (1515°F and 1528°F, 

respectively).
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k = 790 exp(47.9927 - 98861/T)

Next, the value of K was calculated from the single set of data at 
1500 F obtained in the previous work.(3) The value of k at 1500°F 
from Equation 5-39, 68.41, was used in Equation 5-23 forQthe calculation. 
The resulting value, 4.136, in conjunction with the 1600 value, gave 
the following temperature dependent equation:

K = 13.96 exp(23.8428 - 49116.1/T) (5-40)

The equation for K was formulated in this manner in order to give more 
weight to the pilot plant data in determining the equation for k, as 
described in the next section. Experience with the kinetics model shows 
that at CO^ acceptor process conditions the reaction rate is more sensitive 
to the value of k than to that of K.

5.3.3.3.4 Calculation of k vs. Temperature Expression Using Pilot Plant Data

Data from the final workup of Run 38C were used in the process model 
to supply the necessary partial pressures. The entire four-zone model 
was used, which contained the values for k' and K just obtained, leaving 
only the value of k to be determined. The values of R from Equation 
5-23 were calculated using the lignite char coefficients and were mul­
tiplied by a factor, F. The model calculations were repeated, using 
trial values of F, until the calculated R^. matched the measured R„ 
from the plant data. The value of k then was calculated from Equation 
5-23, with F x R being substituted for R . The resulting value of k,
82.41 at 1515 F,Cin conjunction with the f600 F value, gave the following 
temperature dependent equation:

k = 790 exp(52.5194 - 108190/T) (5-41)

The procedure purposefully avoided use of the final data workup for 
Run 45, although preliminary Run 45 data were used in developing the 
expression for K in 5.3.3.3.3, above. At the time this work was done, 
the final data workup for Run 45 was not available, and the intent was to 
use these data as a test of the validity of the assumptions which had to 
be made.

In Run 45, the partial pressures were appreciably different from those 
in Run 38C. Thus, the run data provide a fairly severe test of the rate 
expression for subbituminous coal char. The comparison is shown below:

(5-39)

Plant Correlation % Diff.
48.7 47.6 -2.2

The new equations for use in Equations 5-23 and 5-24 for subbituminous 
coal char are tabulated below:

k! = 16.83 exp(36.7409 - 75686.3/T) (5-38)
K = 13.96 exp(23.8428 - 49116.1/T) (5-40)
k = 790 exp(52.5194 - 108190/T) (5-41)

T = °R = °F + 460
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5.3.3.4 Comparison With Pilot Plant Kinetics Data

The overall gasification rate from pilot plant data is determined as 
follows. Data from Run 28B are used as an example. The pertinent 
data are taken from Tables 13-31, Appendices Subsection 13.4, of Volume 
12, Book 4 and Table 5-17 in Volume 12, Book 2, and from Table 28-20 
in Volume 8, Book 4. The Velva lignite which was used contains 16 lb 
volatile carbon/lOO lb dry I'ced coal.

5.3.3.4.1 Fixed Carbon Gasified

Let N = Ib/hr fixed carbon gasified. Then, by the definition of fixed 
carbon gasified given in Subsection 5.3.3.2.
N = 2570 (• 6673) - [2570(.16) + (537 + 114) (.7557) + 122(.6920)]

727 Ib/hr

5.3.3.4.2 Inventory of Fixed Carbon in the Gasifier

(1) The pressure drop across the gasifier bed is calculated from the 
mean value of the last three entries for Location 3 in Table 28-20, 
Volume S^Book 4. This value (154.6 inches H^O) is equivalent to
803 Ib/ft . This pressure drop multiplied by the reactor cross2sectional area (8.72 ft ) gives 7002 lb total inventory.

(2) The weight fraction char in the bed is given as .516 in Table 13-31, 
Appendices Subsection 13.4 of Book 4.

(3) The weight fraction carbon in the bed is assumed to be the same as 
that in the fuel char which goes to the regenerator and which is 
given in Table 5-17 as .7557.

(4) Let W = lb fixed carbon inventory. Then, W = 7002(.516)(.7557) =
2730 lb.

5.3.3.4.3 Overall Gasification Rate
R = N x 104 = 727 x 104 = 44.3

1 W(60) 2730(60)

5.3.3.5 Results and Discussion

Table 5-4 shows a comparison of the measured plant overall gasification 
rates with those predicted by the kinetics model. Some pertinent conditions 
also are shown for the runs which used lignite as the feedstock. The mean 
difference between the measured and predicted rates is 4.8%. In view 
of the many assumptions which were made in constructing the kinetics model 
the agreement is very good.
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Run

Bed
Teaperature,

*F
Coal Feedrate 

Ib/hr
Hols Steas/ 
100 lb coal

$ St.ua 
Conversion

Lb/hr
FC Gasified

Inventory,
lb FC 5tPlant - Model 4 Diff.

Hols Recycle Gas/ 
*ols

ftpBotLn^ t5<*>
%

Botto./ 
% Top

21-1 1480 2550 6.11 50.4 £56 2460 44.4 42.4 -4.6 .20 112 22.6 5.0
21-11 1480 2600 6.07 49.0 652 2520 43.1 44.2 2.6 .21 112 24.2 4.6
21-111 1500 2500 5.55 50.9 648 1575 68.6 65.6 -4.4 .16 203 33.2 6.1
268 1495 2450 5.92 55.3 660 2480 44.4 46.8 5.4 .26 145 22.7 6.4
28S 1490 2570 5.54 58.6 727 2730 44.3 44.1 -.5 0 183 18.2 10.1
338 1490 2770 5.37 58.0 754 2750 45.7 45.4 -.6 O 181 19.2 9.539?0 1490 2690 5.45 58.0 699 2740 .19 140 16.5 8.5
«»<■> 1480 2530 5.14 51.5 646 2430 44.3 39.8 -10.2 .18 129 18.8 6.9

SSeaB 4.8
00K)

C»)<»<»><*)

Cl*»l»rold lignite."] otbers are Velvs llgnlt0 
Texas lignite. _j 
Ssterlng bottoe of gasifier.
Seaction rates correspoediBg to the partial pressures of tfae ga: 1 and leaving Zose 4.

Table 5-4. COMPARISON OF OVERALL GASIFICATION RATES FOR LIGNITE CHAR 
PILOT PLANT VS. KINETICS MODEL.



The measured rates indicated that the Glenharold and Texas lignite char 
are slightly more reactive than is the Velva lignite char. Kinetics 
comparisons for two other lignite runs for which heat and material balance 
data are given in Subsection 5.3.6 are not shown in Table 5-4 because 
mechanical problems had occurred during these runs.

Run 46C - the boot steam flow recorder malfunctioned during the 
balance period.

Run 47B - A large leak at the boot steam flow control valve downstream 
of the measuring orifice occurred early in the run. It 
could not be repaired while the plant was in operation.

In view of the excellent agreement between the predicted and measured overall 
gasification rates for the other lignite runs, the "missing" steam flows 
were supplied by using trial values in the process model until the measured 
plant gasification rates matched the predicted rates to within +1 rate unit.

The reaction rates are inhibited severely by the reaction products, H2,
CO, and CH4. The rates also are decreased by the consumption of steam 
as the gases move upward through the gasifier. As shown in the right-hand 
column of Table 5-4, for the runs in which no recycle gas was used, the 
gasification rate decreases by a factor of about 10 in going from the 
bottom to the top of the gasifier. Recycle gas was used in the other runs 
for reasons given in Subsection 5.3.6. In these runs, presence of the in­
hibitors in the recycle gas decreased the rate at the bottom relative to 
that at the top.

Table 5-5 shows how the total gasification rate, RT, varies with temp­
erature for both lignite and subbituminous coal chars. The overall gas­
ification rate from the 4 Zone kinetics model (see Equation 5-37) cor­
responds most closely with the rate in Zone 3. The partial pressures 
shown in the Table are those from the Zone 3 calculations for Run 28B, 
taken to be representative of plant operations when no air or recycle 
gas were fed to the gasifier. In the range of temperatures used in the C07 acceptor process, R^ doubles with each 26°F increase in gasifier 
temperature for lignite char and with a 24° increase for subbituminous 
coal char. At the given partial pressures, RT is about three times greater 
at the same temperature for lignite char than1for subbituminous coal char.
To compensate for the lower reactivity of subbituminous coal char, the 
temperature must be increased. AsQthe right-hand column of the Table shows, 
a temperature increase of about 40 F is needed to give the same gasification 
rate as for lignite char. Compensation also can be accomplished by increas­
ing the ratio of steam/coal fed to the gasifier and then operating at lower 
temperatures than are shown in the Table.

5.3.3.6 Comparison With Measurements Made at the Bottom of the Gasifier

During Run 47B, gas compositions at three levels in the bottom of the 
gasifier were obtained as described in Subsection 5.3.4. This body of 
data was used to test the validity of the kinetics model.

The model was constructed on the assumption that a thin zone exists at
the bottom of the gasifier in which only the very rapid devolatilization
reactions occur. In reality, an appreciable volume exists below the coal
feed point in which fixed carbon is present (see Figure 5-14).
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Partial Pressure, atm
H20 3.56
H* 4.04 Hols
CO 1.23
CH* .82

- ~ -J ■%-Steam/lOO lb dry coal = 5.54

°F Lignite Subbituminous &r Lignite/Kr Subbituminous Equivalent Temperature, °F'
1480 32.0 10.5 3,05 1518
1490 43.6 14.4 3.03 1530
1500 57.8 19.5 2.96 1541
1510 74.9 25.9 2.89 1552
1520 95.3 33.9 2.81 (2)
1530 119.7 43.9 2.73 (a)

(i) Temperature needed for subbituminous coal char to give same gasification rate as for lignite.
(z) Unrealistic because the C08 partial pressure at the top of the gasifier bed would be too low to recarbonate 

the acceptor.

Table 5-5. EFFECTS OF TEMPERATURE ON GASIFICATION RATES



For comparison with the experimental data, the 4-zone model was modified 
to a 5-zone model in which one-fifth of the fixed carbon gasification occurs
in each zone. Thus, both devolatilization and fixed carbon gasification 
now occur in Zone 0.

Results of the revised model calculations are shown in Table 5-6, zone by 
zone.*

The measured gas compositions in the bottom of the gasifier indicated 
that a large fraction of the total carbon gasification had occurred in 
this zone, as shown by the high concentrations of H?, CO, CC^, and CH^ 
and the low concentrations of H2O which were found even in the active 
central core of the zone. Comparisons of the measured gas compositions 
and those predicted by the five-zone model are shown below.

Mol %
Location H_0 CO CH4 CO H2 % of Total Carbon

Bottom Probe
4L

41.0 8.3 5.8 9.0 33.6
Top of Zone 1 40.0 8.7 5.2 10.4 32.1 62

Middle Probe 33.1 10.0 7.0 8.3 38.6
Top of Zone 2 33.7 10.6 6.3 9.4 36.3 74

The probe gas compositions are taken from the plotted data shown in 
Figures 5-15 and 5-16 and correspond to the probe position at which the 
H2O concentration was at the maximum. As shown in Figures 5-15 and 5-16, 
there are large lateral concentration gradients. The excellent agreement 
between the probe data and predicted data applies only to the gas composi­
tions near the centerline of the gasifier. In view of the complex gas- 
solids flow pattern revealed by the probe data, one can only speculate as 
to the reasons for this agreement.

A general conclusion seems inescapable, however, in that the probe data 
confirm what the kinetics model predicts - namely, that most of the carbon 
is gasified within a few feet above the acceptor interface in the gasifier 
boot.

The outlet gas composition from Zone 4 does not match exactly that 
which can be calculated from Table 5-24. To obtain the individual data 
for each zone, an earlier computerized version of the model had to 
be used. This version ignores the small amounts of NH-j and H2S 
which are present and does not account for all of the N2 in the 
purge gas streams. The maximum difference for any component, except 
N^, is 2%.
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sb s?8
 8
 S?
 *?

Baals: lOO lb dry coal fed to gasifier
Zose

Carbon
—gsir Into zone 

CaCOg, into zone 
Gas* out of zone 
CaCOa 9 out of 
Gasified, in zoi®
Total Gasified

Carbon Gasified
Total Carbon Gasified
Relative Gasification Rate
of Fixed Carbon

0 1 2 3 4
Mol Mol Mol Mol Mol

At®, Kola Fract. Atn. Mols Fract. Atm. Mols Fract. Atm. Mols Fract. Atm. Mols Fract.

5.104 4.1585 .4640 4.399 3.5716 .3999 3.706 2.9986 .3369 3.027 2.4403 .2752 2.376 1.9044 .2160
3. 0S4 2.4881 .2776 3.533 2.8681 .3212 3.998 3.2343 .3634 4.448 3.3858 .4043 4.858 3.8930 .4416
.770 .6275 .0700 .958 .7774 .0871 1.164 .9414 .1058 1.389 1.1201 .1263 1.634 1.3095 .1486
.439 .3571 .0399 .568 ,4608 .0516 .697 .5642 .0634 .828 .6676 .0753 .962 .7710 .0875

1.239 1.0094 .1126 1.148 .9317 .1043 1.038 .8400 .0944 .910 .7337 ,0827 .769 .6163 .0699
.394 .3208 .0358 .395 .3208 .0359 .396 .3208 .0360 .398 .3208 .0362 .400 .3208 .0364

11.000 8.9617 .9999 11.001 8.9304 1.0000 10.999 8.8993 .9999 11.000 S.8683 1.0000 10.999 8.8152 1.0000

.190B(,) 1.9943 2.1699 2.3456 2.5214
1.1847 ,8885 .5924 .2962 0
1.9943 2.1699 2.3456 2.5214 2.6970
1.1847 1.1847 .8885 .5924 .2962
1.8041<*> .4718 .4719 .4720 .4718
1.8041 2.2759 2.7478 3.2198 3.6916

.49 .62 .74 .87 1

1 .5S .36 .20 .084

(t) Carbon in purge gas (recycle and C03).
<») Volatile carbon is 1.3322 atoms.

Table 5-6. SUMMARIZED GASIFICATION KINETICS DATA, 
ZONE BY ZONE, RUN 47B



5.3.4 GAS-SOLIDS CONTACTING AT THE BOTTOM OF THE GASIFIER

Figure 5-14 is a sketch, to scale, of the bottom portion of the gasifier.
In the boot, the acceptor is stripped of char so that a clean stream can 
be fed to the regenerator. At normal process conditions about 70% of the 
total steam fed to the gasifier enters through the distributor ring at 
the bottom of the boot. The remainder enters through the distributor 
ring at the bottom of the transition section leading to the 40-inch di­
ameter gasifier. See Section 11, Book 3, for details of the distributors. 
The acceptor in the boot is fluidized at a velocity about 10% greater 
than the incipient fluidization velocity.

During Run 47, Carnegie-Mellon University (under a separate contract with 
DOE) sampled the gas in the bottom of the gasifier through use of three 
probes which are shown on the sketch. The tip of each probe could be 
positioned at any point across the vessel diameter. The probe tip con­
tained a filter to remove solids from the sampled gas stream. The high 
gas flow rate through the probe prevented any appreciable reactions with­
in the probe. The gas was quenched rapidly to room temperature at system 
pressure. From the known time of sampling, the weight of condensate, the 
dry gas meter dial readings, and the dry gas analyses, the gas composition 
at the tip of the probe was calculated. Details of this work will be pub­
lished separately.™^

Figure 5-15 and 5-16 are plots of the data obtained during Run 47B. Since 
the static pressure at the dry gas meter was not known accurately during 
some of the sampling periods, the wet gas compositions shown in the fig­
ures were calculated from the dry gas compositions assuming that water gas 
shift equilibrium was attained.

The data show dramatically that poor gas-solids contacting exists at the 
bottom of the gasifier at all three probe locations. Annular dead zones 
must exist through which only a small portion of the total steam flows, as 
shown by the very low steam content and very high CO content which equalled 
or exceeded the CO content of the product gas leaving the top of the flu­
idized bed of char.

Figures 5-15 and 5-16 suggest that the bottom of the gasifier is a spouted 
fluidized bed, as shown schematically in Figure 5-14. The actual flow 
patterns of gas and solids probably are more complex than would be associ­
ated with a simple spout. The flow patterns apparently were stable in 
Runs 47A and 47B, as indicated by duplicate samples taken several hours 8
apart.

Distance Across Dry Gas Composition, mol %
Probe Diameter, inches ^2

48.4

CO CH Sampling Time

Middle 40 22.0 16.6 1708 7 Sept. 1'77
46.4 20.8 16.8 0220 8 Sept. 1'77

Middle 20 . 57.0 14.3 9.4 1800 7 Sept. ''77
55.7 14.4 9.6 0057 8 Sept. 1'77

Top 18 55.0 23.0 14.0 0225 30 Sept. '77
55.8 22.6 14.1 0805 30 Sept, '77

(8) Filo, J. P., Carnegie-Mellon University, Dept, of Chemical Engineering, 
Ph.D. Thesis. In preparation.
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DISTRIBUTOR
RINGFLANGE FACE

STEAM IN
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40 IN SECTION 1.0

Figure 5-14. SKETCH OF BOTTOM OF GASIFIER SHOWING 
PROBE LOCATIONS (DRAWN TO SCALE)
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Figure 5-15. GAS COMPOSITION VS. PROBE POSITION, RUN 47B
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More data taken from probes at different positions around the gasifier periph­
ery and at higher levels in the bed would be needed to better define the flow 
patterns. Run 47B was the final run in the pilot plant.

The upper distributor ring was installed after Run 7 in 1973 and was used for 
4-1/2 years. It is unfortunate that circumstances prevented the taking of 
samples from the bottom of the gasifier until the final run of the program. 
Clearly, the ring should have been placed higher in the transition zone, pos­
sibly at the top. During plant operations, it was observed repeatedly that 
the rate at which the showering acceptor could fall into the boot was sensi­
tive to small changes in the flow rate of gas into the boot. The spout-like 
flow pattern above the boot is consistent with these observations, since the 
nature of the spout possibly could have been altered drastically by changes 
in the gas flow rate.

Acquisition of the probe sampling data provided the opportunity to compare 
the gasification kinetics model with the "real world." The comparison is 
discussed in 5.3.3.6, above.

GASIFIER BED PROPERTIES AND SHOWERING OF ACCEPTOR5.3.5

5.3.5.1 Introduction

At process conditions, the acceptor supplies all the gasifier heat duty as it 
showers downward through the fluidized bed of char. The retention time of 
the acceptor in the char bed must be sufficient to insure that the recarbon- 
ation reaction goes to completion before the acceptor falls into the gasifier 
boot. From the standpoints of simplicity and reliability, it is desirable to 
control the retention time without the use of baffles or mechanical devices. 
The presence of the acceptor in the bed affects the bed density, which 
in turn affects the pressure balance around the gasifier-regenerator loop.

For process design, it is necessary that the interrelationship of the ac­
ceptor circulation rate, acceptor particle properties, and the fluidized bed 
properties be known. During the pilot plant operations the acceptor was cir­
culated and showered through the gasifier bed for a total of 6400 hours.
The data which were obtained provide the base for the process design corre­
lations which are presented here.
In earlier work^ involving measurement of the retention times of single 
particles falling through various fluidized beds, the retention times (ex­
pressed as the falling velocity) were represented by a power function having 
the form:

V = k 1
__

(5-42)

(1) "Phase II Bench-Scale Research on CSG Process-Studies on Mechanics 
of Fluo-Solids Systems, Jan. 1970. Interim Rpt. No. 3, Book 1, 
Research § Development Rpt. No 16, National Technical Information 
Service PB-184718/AS.
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Nomenclature

V

Pb

<t>

= Steady-state velocity of the falling particle, ft/sec
3= Particle density, measured in mercury, Ib/ft 

* Density of the fluidized bed, Ib/ft"*

= Diameter of the falling particle, inches

Additional measurements also were made in a continuous system in which 
acceptor circulated at known rates and was showered through fluidized 
beds of char at ambient conditions. In order to use Equation 5-42 
to predict the mean velocity of a falling cloud of acceptor, the bed 
density term must account for the presence of the falling acceptor in 
the bed. The bed density, therefore, is equal to the sum of the density 
of char in the bed and the density of acceptor in the bed.

B ^char acceptor (5-43)

The acceptor density is defined by

^acceptor = G/V (5-44)
2where G = the acceptor circulation rate, Ib/sec/ft of bed cross-section. 

Substitution of Equation 5-43 and 5-44 into Equation 5-42 gives

V = k
[Ps - ( Pchar + G/v7] k2 ^k3

(5-45)
( Pchar + G/V)k

The mean falling velocities in the bench-scale continuous system were 
predicted very well from the correlation based on the single particle 
data. Because of equipment limitations, the maximum mass flow rate 
of the showering acceptor was less than one-tenth of the maximum rate 
achieved in the pilot plant. A new correlation was needed because the 
pilot plant operated at conditions of lower Ps» larger (f>, and greater 
G than were used previously.

The early work showed that the falling velocity is independent of the 
diameter and density of the particles which comprise the fluidized bed. 
Equation 5-42 predicts that a falling particle will have a finite positive 
(downward) falling velocity as long as ps is greater than Pg, and that 
the falling velocity is independent of the fluidizing gas velocity.
However, as the falling particle size becomes smaller, a limiting condition 
occurs because the incipient fluidizing velocity of the falling particle 
approaches the velocity of the gas used to fluidize the bed through which 
the particle falls. In this situation, the falling particle becomes a 
bed particle.
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In the pilot plant the fluidized bed did not consist entirely of char. 
Nonchar particles, termed intermediate fines or "junk," in the size 
range of 20 x 65 mesh, and composed of quartz particles present in 
the coal ash, built up to an equilibrium concentration in the gasifier 
bed. The situation described above did occur. The density of the junk
particles typically was 110 lb/ft3, while ^ B typically was 35 Ib/ft .
A further discussion of the junk particles is given in 5.7.2.3 herein.

To allow for the presence of junk in the fluidized bed, the term,
^char, in Equation 5-45 was redefined as:

pdensity of nonacceptor in the bed = NA.

The working equation which related the bed and acceptor properties now 
becomes:

V

C "na * ^2 *

----------- *T~
CPNA* W

(5-46)

5.3.5.2 Calculation of Needed Quantities from Pilot Plant Operating Data 

Nomenclature

I

F

L

M

V

PNA

<P

= Gasifier bed total inventory, lb. Obtained by pressure 
drop across the bed and known cross-sectional area 
(8.72 ft2).

= Weight fraction acceptor in bed. Obtained by workup
of samples taken from the bed near the level of the char 
outlet line as described in 5.7.1.3, herein. Results of 
the sample workups are given in Tables 13-29 through 13-39 
(Appendices Subsection 13.4 of Book 4).

= Gasifier bed height, ft. above bottom of straight side. 
Obtained from gasifier pressure tap readings.

= Acceptor circulation rate, leaving the gasifier, Ib/hr. 
Obtained by use of process model described in Subsection 
5.3.1, results of which are shown in Tables 5-13 through 

* 5-24.

The derived quantities needed for the correlation are ob­
tained as follows:

= Mean showering velocity, ft/sec = (L)(M)/360Q/I/F
= Showering acceptor density, lb/ft3 = M/3600/8.72/V

= Total bed density, lb/ft3= PA/F

3= Nonacceptor density, lb/ft = p - p
D A

= Mean retention time of acceptor, minutes = L/60/V
93
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Numerical values for all of the above are shown in Table 5-7, which follows.

5.3.5.3 Correlation

Use of Equation 5-46 requires the acceptor properties as follows:
3p = Acceptor particle density (measured in mercury), lb/ft .

Obtained from Tables 13-19 through 13-28, Appendices Sub­
section 13.4, Book 4 for the specific time of the balance 
periods shown in Tables 5-13 through 5-24 herein.

<f> = Acceptor particle diameter, inches. Calculated from Tables
13-19 through 13-28, Appendices Subsection 13.4, Book 4, 
for the specific time of the balance periods. The arithmetic 
mean diameter is used.

2G = Acceptor circulation rate, Ib/sec/ft = M/8.72/3600.

Table 5-8 shows all the input data needed for use of Equation 5-46 as 
well as the predicted values for the mean showering velocity given by 
the model equation:

V = .285 9^ & - ( PNA
G/V)|

( PNA G/V)

(4/3) (5-47)

Calculation of the individual exponents, as shown in Equation 5-46, gave 
a correlating equation which produced no appreciable decrease in the mean 
% difference between the predicted and measured values of V.

5.3.5.4 Relationship of Nonacceptor Bed Density and Junk Content of Gasifier Inventory

The junk or intermediate fines content of the gasifier inventory is given 
in Tables 13-29 through 13-38, Appendices Subsection 13.4, Book 4. Using 
the nonacceptor bed densities from Table 5-7, herein, the following simple 
relationship was derived:

Pm = 16.7 + .354 (Wt % junk) (5-48)

The data used, and the predicted and measured values of are shown in 
Table 5-9. Several other more elaborate relationships involving the char 
content of the inventory, the measured particle densities, and reciprocal 
bed densities were investigated. None gave as small a mean % difference 
between the predicted and measured values of P^ as does Equation 5-48.

5.3.6 HEAT AND MATERIAL BALANCES

Tables 5-13 through 5-24 present pilot plant data in the form of heat 
and material balances. Twelve steady periods were chosen to illustrate 
the range of conditions which were studied.
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lbI
8390
8960

7000
7300
8060
8870
9800
8620
6390
7200 ei

* 
i 
g 
i 
i 
g 
Hi

«

Plant Data -- ----
ion Bed Height,, Acceptor Circulation Showering Acceptor - Non-Acceptor

• Derived Quantities 
Total Bed Density Mean Showering Mean Acceptor

a Bed ft Rate. Ib/br Density, lb/ft1 Density, lb/ft* lb/ft* Velocity, ft/sec Retention Tine, »in
L M P* ‘■b V 0

24.0 12150 13.071 27.024 40.095 .02961 13.5
23.4 11800 14.314 29.594 43.908 .02626 14.9
24.0 11130 15.963 26.948 42.911 .02221 18.0
25.2 14570 13.126 18.733 31.859 .03536 11.9
24.2 15040 13.939 20.649 34.588 .03437 11.7
24.2 12990 17.722 20.472 38.194 .02335 17.3
26.1 11750 16.687 22.301 38.988 .02243 19.4
25.2 7664 16.104 28.506 44.609 .01516 27.7
28.2 20700 16.792 18.264 35,056 .03927 12.0
28.0 8.259 18.731 26.990 .07058 6,6
26.8 23420 16.866 30.834 .05341 8.4

Table 5- 7. GASIFIER BED DATA USED FOR ACCEPTOR
SHOWERING CORRELATION



Obs. Calc.
Acceptor Particle Acceptor Particle Non-Acceptor Acceptor Circulation Rate Mean Showering Mean Showering
Density, lb/ft3 Diameter, inches Density, Ib/ft3 Lb/hr Lb/sec/ft* Velocity, ft/sec Velocity, ft/sec £ Diff

Nomenclature ps 0 PNA — G V V
Eun
21-1 141 .0687 27.024 12150 .38704 .02961 .02745 -7,3
21-U 146 .0687 29.594 11800 .37589 .02626 .02470 -5.9
21-111 144 .0668 26,948 11130 .35455 .02221 .02421 9,0
28B 126 .0749 18,733 14570 .46413 .03536 .03815 7.9
33B 122 ,0823 20,649 15040 .47910 .03437 .03512 2.2
38C 113 .0810 20.472 12990 ,41380 .02335 .02448 4.8
39 113 .0788 22.301 11750 .37430 .02243 .02263 .9
40B m .0745 28.505 7664 .24414 ,01516 .01518 .0
45 143 .0689 18.264 20700 .65940 .03927 .03606 -8.2
46C 145 .0808 18.731 18300 ,58295 .07058 ,07118 .9
47B 138 ,0818 16.866 23420 .74605 .05341 .05328 .2

Mean 4.3
Standard Deviation 3.4

Table 5-8. CORRELATION OF ACCEPTOR SHOWERING VELOCITY



p = 16.7 + .354 (wt $ junk)

Run Junk
21-1 26.2
21-11 28.7
21-III 38.2
28B 7.2
33B 9.8
38C 9.2
39 14.2
4 OB 27.8
45 14.1
46C 1.5
47B 5.4

(5-48)

PNA
Obs. Calc. °jo Diff
27.0 26.0 -3.7
29.6 26.8 -9.5
26.9 30.2 12.3
18.7 19.2 2.7
20.6 20.2 -1.9
20.5 20.0 -2.4
22.3 21.7 -2.7
28.5 26.5 -7.0
18.3 21.7 18.6
18.7 17.2 -8.0
16.8 18.6 10.7

Mean 7.2
Standard Deviation 5.0

Table 5-9 RELATIONSHIP OF NONACCEPTOR BED DENSITY AND 
JUNK CONTENT OF BED INVENTORY
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5.3.6.1 Notes on Individual Balances

(1) Single-Vessel Operation - In two runs the gasifier was isolated 
from the regenerator and the heat duty was supplied by partial 
combustion with air. Balances for these runs are shown in Tables 
5-10 through 5-12.

(2) Use of Various Coals

(a) High-sodium lignite (N. Dakota), Table 5-20.
(b) Texas lignite. Table 5-21.
(c) Subbituminous coals.

1_ Sarpy Creek (Montana), Table 5-11.
2_ Wyodak (Wyoming), Tables 5-12, 5-19, and 5-22.

(d) Otherwise, Velva lignite (N. Dakota) was used.

(3) Use of Limestone and Dolomite as Makeup Acceptor

An Ohio dolomite was used in Runs 21, 26B, and 45. Otherwise, a 
limestone quarried in Rapid City was used. Pilot plant operations 
confirmed the earlier small scale studies which showed that either 
material is suitable as a CQ^ acceptor.

(4) Use of Reconstituted Acceptor
In Run 47, Table 5-24, the acceptor had been reconstituted from 
spent acceptor produced in previous pilot plant runs, as described 
In Book 3, Section 6.

5.3.6.2 Notes on Process Conditions

(1) Use of Air in the Gasifier

The nonprocess use of air was necessary in three runs in order to 
maintain the desired gasifier bed temperature.

(a) Run 21-III, Table 5-15, and Run 40, Table 5-21: In these runs, 
the accumulation of intermediate fines ("junk") increased
the gasifier bed density to the extent that sufficient acceptor 
would not shower down through the bed. The "missing" heat 
source was supplied by the addition of air. The existence of 
the junk particles is itself a nonprocess condition, as is 
discussed in 5.7.2,3.

(b) Run 38C, Table 5-19: In this run, the acceptor particle density 
was low and the acceptor did not shower down through the bed at
a sufficient rate. Again, the "missing" heat source was supplied 
by air.

Whenever air was used, a stoichiometric excess of recycle gas was 
fed to the gasifier boot to prevent direct oxidation of the char.
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Basis: 1 hour
Datum: 60°F, liquid water

Sensible Heat Heat of Combustion
SCF Lbs °F BTU BTU

Input
Coal Feed(l) 1,120 370 103,000 12,7,90,400
Boot Gas 1530 *

Recycle(4)
Ring Gas

17,200 1,030
1300

532,900

Air(5) 21,700 1,651 530,600
Steam 15,350 730 1,212,300

Purge Gas 60
Recycle(4) 3,500 209
Inert(6) 175 14

Subtotal
Heats of Reaction

4,754 2,378,800 12,790,400

CaO + C02 ^ CaCOg «44 Mols at 76,200 Btu/Mol 33,800
Heat of Combustion In - Heat of Combustion Out 709,400

Total 4,754 3,122,000

Output
Vent Gas(4) 47,400 2,835 1525 1,461,600 9,305,800
Recycle Gas(4) 20,700 1,239 1525 639,000
Steam 7,870 374 1525 667,800
H2S 25.4 2 1525 1,000 16,200
Quench Tower Solids(2) 166 1525 79,500 1,385,500
Purged Char(3) 138 1525 69,800 1,373,500
Subtotal
Heats of Reaction

4,754 2,918,700 12,081,000

CaO + S = CaS + O .157 Mols at 196,540 Btu/Mol 30,800
Heat Loss 172,500
Total 4,754 3,122,000

COAL OR CHAR GAS
(1) (2) (3) <4> 757 (6)

H, Wt Dry 3.91 .40 .53 CH4, Mol j> 3.75
C !. 68.10 56.43 66.87 h2 25.08
N .84 .28 .37 CO 24.00
0 18.14 COa 10.35 12.00s .64 Na 36.77 79.00 88.00
Ash o3 21.00

Oxides 8.37 18.10 21.65
CaC03 19. 61 8.62
CaS 5.18 1.96

Table 5-10. HEAT AND MATERIAL BALANCE - RUN 15B 
0900 - 1400 HOURS, DEC. 30, 1973 
GASIFIER SYSTEM 
PREOXIDIZED VELVA LIGNITE 
SYSTEM PRESSURE 150 PSIG
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Basis: 1 hour
Datum: 60®F, liquid water

Sensible Boat Heat of Combustion
SCF Lbs °F BTU BTU

Input
Coal Feed(l) 1,530 375 143,800 17,980,400
Boot Gas
Recycle(5) 8,730 513 1415 255,800
Steam

Ring Gas
6,500 309 1415 532,800

Air(6) 28,500 2,169 1503 829,700
Steam

Purge Gas
26,500 1,260 1503 2,242,300

Recycle(5) 2,200 129 80
Inert(7) 200 16

5,926
60

Subtotal 4,004,400 17,980,400
Heats of Reaction
CaO + C0a b CaC03 . 33 Mols at 76,200 Btu/Mol 25,200
Heat of Combustion In - Heat of Combustion Out 315,400

Total 5,926 4,345,000
Output
Vent Gas(5) 68,300 4,020 1470 2,094,400 14,023,400
Steam 18,400 875 1470 1,536,200
Recycle Gas(5) 10,900 642 1470 334,700
HgS 89.8 8 1470 3,200 57,400
Quench Tower Solids(2) 52 1470 24,900 497,400
Cyclone Solids(3) 185 1470 92,100 1,932,100
Purged Char(4) 144 1470 66,000

4,151,500
1,154,700
17,665,000Subtotal

Heats of Reaction
5,926

CaO + S b CaS + 0 , 12 Mols at 196,540 Btu/Mol 23,600
Heat Loss 169,900
Total 5,926 4,345,000

Cl)
COAL OR
"nr—

CHAR
<31 C4)

, Wt 1 Dry 4.55 .62 .85 .52
69.49 63.90 69,03 53.45

*91 .40 .40 .25

»h
Oxides

16.27
.75

8.03 19.84 19.85 35.05
CaCOg 12.12 8.40 7.69
CaS 3.12 1.47 3.04

GAS
(5) Tef (7)

CH«, Mol $ 5.56
II g 28.55
CO 17.55
COg 14.87 12.00
Na 33.47 79.00 88. OC
Oa 21.00

Table 5-11. HEAT AND MATERIAL BALANCE - RUN 31-11
0000 HOURS TO 2400 HOURS, DEC. 22, 1975 
GASIFIER SYSTEM
WESTMORELAND SARPY CREEK SUBBITUMINOUS COAL 
SYSTEM PRESSURE 150 PSIG
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Basis: 1 hour
Datum: 60°F, liquid water

Sensible Heat Heat of Combustion
SCF Lbs °F BTU BTU

Input
Coal Feed(l) 1,470 375 138,200 17,297,300
Boot Gas
Recycle(5) 9,400 556 1411 273,900
Steam 6,500 309 1411 532,100

Ring Gas
Air(6) 29,300 2,231 1515 853,000
Steam 26,400 1,255 1515 2,236,400

Purge Gas
Recycle(5) 2,200 130 60
Inert(7) 200 16 60

Subtotal 5,967 4,033,600 17,297,300
Keats of Reaction
CaO + COs - CaCO, .251 Mols at 76,200 Btu/Mol 19,100
Heat of Combustion In « 1Heat of Combustion Out 380,000

Total 5,967 4,432,700
Output
Vent Gas(5) 68,000 4,014 1480 2,095,500 13,553,500
Steam 19,500 926 1480 1,630,100
Recycle Gas(5) 11,600 686 1480 357,100
HsS 93.6 8 1480 3,400 59,800
Quench Tower Solids(2) 44 1480 21,100 410,300
Cyclone SolidsO) 153 1480 77,300 1,617,100
Purged Chnr(4) 136 1480 65,100 1,276,600
Subtotal 5,967 4,249,600 16,917,300
Heats of Reaction
CaO -t S - CaS + O .065 Mols at 196,540 Btu/Mol 12,700

Heat Loss 170,400
Total 5,967 4,432,700

COAL ORl CHAR GAS
(1) (2) (sH " (4) (5) w (7)

H, Wt % Dry 4.88 .59 .88 ,38 CH4, Mol t 5.21
C 69.35 62.38 69.80 62.98 h2 28.42
S .95 .38 .44 .29 CO 16.93
0 17.52 co8 14,88 12.00
s .68 Na 34.56 79.00 88.00
Ash 0* 21.00

Oxides 6.62 24.88 18,85 29.34
CaCOg 9.16 9.04 5.32
CaS 2.61 .99 1.49

Table 5-12. HEAT AND MATERIAL BALANCE - RUN 31-III
0600 HOURS DEC. 27 TO 0800 HOURS DEC. 28, 1975
GASIFIER SYSTEM
WYODAK SUBBITUMINOUS COAL
SYSTEM PRESSURE 150 PSIG
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(2) Use of Recycle Gas

The nonprocess use of recycle gas, other than that just described, 
was necessary for the following reasons:

(a) In early runs prior to Run 28B, Table 5-17, recycle gas was 
fed to the gasifier boot to decrease the partial pressure of 
steam. This expedient was adopted to insure that there was 
no possibility of formation, during process upsets, of sticky 
liquids in the system, CaO-Ca(OH)2 - CaCC^. The emphasis during 
this period was on improving plant reliability.

(b) Run 39, Table 5-20: In previous runs with the high-sodium 
Glenharold lignite, it was found that sticky liquids formed at 
the normal boot steam partial pressure of 11.6 atm. Laboratory 
work described in Section 5.7 showed that the liquids did not 
form at steam partial pressures of less than 10 atm. Rather 
than to decrease the plant system pressure, it was expedient to 
dilute the steam with recycle gas.

(c) Run 46C, Table 5-23: This was the only run in which the plant 
system pressure was anything other than 150 psig (11.1 atm abs).
The pressure was increased to 190 psig (13.9 atm abs) and the 
steam was diluted with recycle gas. The purpose of the run was 
to determine the maximum steam partial pressure at which no 
sticky liquids formed. During the run, the steam partial pressure 
was increased in a stepwise manner by decreasing the ratio of 
recycle gas to steam.

(3) Use of Regenerator Auxiliary Fuel

Beginning with Run 26, auxiliary fuel was fed to the regenerator, as 
described in Subsection 5.4.3. The intent was to compensate for the 
nonprocess char loss through the gasifier cyclone. In Run 45, Table 
5-22, the heating value of the auxiliary fuel was more than twice 
that of the cyclone solids. The higher rate was used to allow a decrease 
in coal feed rate in order to achieve a higher level of fixed carbon 
conversion.

5.3,6.3 Summarized Run Conditions and Results

For ready comparisons among the twelve steady periods, salient run conditions 
from Tables 5-13 through 5-24 are summarized in Table 5-25. Also shown 
are run results which are not stated explicitly in these tables. Similarly, 
the heat balances are summarized in Table 5-26.
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Heat of Combustion 
BTU

o

F’iiaiS: 1 hour
D-tuffi: liquid water

GASIFIER
Sensible Beat Beat of Combustion

Lbs SCF ®F BTU BTO
Input
Coal Feed(l) 2,550 400 263,800 27,800,000
Acceptor<8) 10,826 1850 4,726,400
Boot Gas 1465
Recycle(9) 12,030 375,300
Steam 1,002 21,070 1,754,800
co.

Ring Gas
56 480

1465
20,400

Steam
Purge Gas

1,806 38,000
€0

3,164,800

Recycle(9) 3,950
Inert(11) 81 1,030
N» 56.5 760

Subtotal
Heats of Reaction

16,377.5 10,306,500 27,800,000

CeO + CO, » CaCO, 30.956 Kola at 76.200 Btu/sol 2,351.200
Total 16,377.5 12,656,700

Output
Char
To Regene rat or (2) 736 1480 370,500 7,868,900
Cyclone Loss(3) 114 1480 55,700 1,097.600

Acceptor(7) 1480
To Regenerator 11,860 4,210,900
Reject 292 103,700

Gas 1480
Product(9) 1,964 36,460 1,783.200 21,439,100
Recycle(9) 17,960 567,800
Steam 1,394 29,320 2,453,200
»*S 8.5 93 3,400 €0,600
1W. 19 420 17,700 181,800

Subtotal
Heats of Reaction

16,377.5 9.566,100 30.648,000

Heat of Cosbiastioa (Output - Input ex-Acceptor) 2,848,000
CaO 4- S = CaS 4- 0 0.227 Hols at 196,340 Btu/Mol 44,60©

Heat Lobs 298.000
Total 16.377.5 12,656,700

m ca%E
(1) 3T (4} (6)

H, *t ji. Dry 4.32 .73 .70 CaO, Wl f
c 65.15 71.26 64.12 5.64 CsCQs 47.47
N 1.01 .41 0.40 %©
0 20.78 HgCOs 46.91
s .60 CaS
Ash Inert 5.62
Oxides 8.14 18.35 23.36 89.CS
CaS .06 1.60 5.34
CaCO* 9.19 9.S2

Sensible Heat
Lbs SCF *F BTU

REGENERATOR

asmChar(2) 736 1480 370,500 7,868,900
Acceptor

From Gasifler(7) 11,860 1480 4,210,900
Make-up(6) 560 60

Ring Gas 830
Air(12) 5,706 74,960 1,098,400
Moisture 21 440 29,400

Acceptor Lift Gas 1230
Recycle(10) 50,470 1,296,200
Moisture 14 290 22,700

Osar Lift Gas 750
Inert (11) 553 7,000 92,600
Recycle(10) 430 6,200
Moisture .1 3 200

Purge 60
Eacycl.Uo) 1,200
Inert(11) 72 910
Ka 6.3 85

Subtotal 19,528.4 7,127,100 7,868,900
Seats of Reaction

Beat of Combustion (Input - Output ex-Acceptor) 7,074,400
CaS -i 0 - CaO > ? 0.059 Mol? at 196,340 Btu/Mol 11,600

Total 19,528.4 14,213,100

Output
Char (4) 186 1850 86,000 149,400
Acceptor<8) 1850
To Gasifier 10,826 4,726,400
Overhead 46 20,000

Gas 1850
Flue(lO) 8,386 97,070 4,024,500 637,400
Recycle(lO) 52,100 2,160,300
Steam 81 1,700 159,200
COS 1.2 7. 3 400 4,600
H,S 0.4 5 200 3,100
so. 1.7 10 600

Subtotal 19,528.3 11,177,600 794,500
Beats of Reaction
%CG3 » MgO * C0s 3.115 Mol. »t 45,000 Btu/Mol 140,200
CaCOs -- CaO + C02 32.681 Mols at 76,200 Btu/Mol 2,490,300

Heat Loss 405,000
Total 19,528.3 14,213,100

ACCFFTOa GAS
m (g> (9) (10) (11) (12)

29.39 48.68 CH„ Mol 14.50
24.77 H, 57.05 .04
36.56 41.Q4 CO 14.87 2.00

C02 10.46 29.65 12.00
.116 M. 3.12 68.31 88.(X) 79.00
9.16 10.28 Oa 21.00

Table 5-13. HEAT AND MATERIAL BALANCE - RUN 21 (BALANCE I)
1900 HOURS SEPTEMBER 9 TO 0300 HOURS SEPTEMBER 10, 1974
VELVA LIGNITE SYSTEM PRESSURE 150 PSIG
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Basis: 1 hour 
D*t<ui: 60°F, liquid

REGEVEIIATOR
Sensible Heal Heat of Combustion Sensible Heat

Lbs SCF °F BTU BTU Lbs SCP BTU
Input
Coal Feed(l) 2,600 400 269,000 28,305,400

iBEIil,
Char(2) 768 1480 390,400

Acceptor(B) 10,433 1860 4,582,800 Acceptor
Soot Gas 1465 From Gasiflor(7) 11,509 1480 4.097,600
Recycle(9) 12,800 398,700 Make-up(6) 560 60
Steam 988 20,780 1,730,200 Ring Gas 830
CO. 56 480 20,400 Air(12> 5,903 77,550 1,136,300

Sing Gas 1465 Moisture 22 450 30,500
Steam 1,854 39,006 3,248,100 Acceptor Lift Gas 1240

Purge 60 Recycle(lO) 49,880 1,289,700
RecycleO) 6,000 Moisture 14 290 22,500
Inert(11) 81 1,030 Char Lift Gas 750
■». 56.5 760 Inert(11) 553 7,000 92,600

Subtotal 16,068.5 10,249,200 28,305,400 Recycle(lO) 530 7,600
Beats ot Reaction
CaO + CO, a CaCO, 

total
32.017 Mols at 76.200 Btu/Mol13706575

O4^

to Regenerator(2) 
Cyclone LoasesC3) 

Acceptor(/)
To Regenerator 
Reject 

Gas
Product(9) 
SecycleO)
Steas

Subtotal
Meats of Reaction 

Seat of Conbustio 
CaO •» S « CaS + O 

Beat Loss 
Total

768
106

11,509
294

1,915

1,450
8.6

18
16,068.5

1480
1530146^
1530

36,000(56,249)*
18,800(18,887)
30,500(30,161) 

96 
400

(Output - Input ex-Acceptor) 
0.217 (tola at 196,540 Btu/Mol

16,068.6

LICMITS OR CHAR

2.439,700
12,668,900

390,400
53.700

4.097.600 
104,800

1,834,300
616,000

2.592.600 
3,600
17.700 

9,710,700

2.737.600 
42,600
198,000

12.688.900

8,386,700
1,024,100

Moisture 
Purge Gas 
Recycled©) 
Inert CU)K.

Subtotal
Heats of Reaction

72
6.3

1,210
910
85

19,407.4 7,067,400

Heat of Combustion (input - Output e~. Accentor' 
Cab ♦ O :

Subtotal 
(eats of Reaction
MgCOj * MgO + C09 3.113 Mols at 45,000 Btu/Mol 
CaCO, « CaO + CO* 33.801 Mols at 76,200 Btu/Mol 

eat Loss

140,200
2,575,600

405,000

(1) -03" (3) (4)
, St *, Dry 4.31 .76 .61 0*0, St f

@5.18 72.70 64.99 6.34 CaC03
.95 .43 .42 MgO

21.52 MgCO*
.58 CaS

■h Inert
Oxidea 7.46 14.89 23.37 88.10
CaS .062 1.260 5.56
CaCO* 11.17 9.35

Total 19,407.3 it;964,Too
ACCEPTOR GAS

(6) —m— <a> (9> (10)
28.18 48.68 CH., Hoi f 14.60(14.53) a

47.47 26.34 H, 57.28(57.48) .07
36.27 41.03 CO 15.05(14,54) 3.00

46.91 CO* 9.93(10.33) 29.00
.118 If* 3.13 (3.12) 67.93

5.62 9.09 10.29 0*

Heat of Combustion 
BTU

8,386,700

8,386,700

Total 15-46*. 4 14,306,700

Output
21,396,500 Char(4) 176 1860 82,200 159,100

Acceptor(8) 1860
To Gasifier 10,433 4,582,800

61,300 Overhead 46 20,200
174.400 Gas 1860

31,043,(XX) Flu. (IO) 0,665 100,620 4,185,600 991,700
Recycle(lO) 51,620 2,147,200
Steam 84 1,770 166,600
COS 1.2 7.5 500 4,700
HsS 0.5 5.2 200 3,300so. 1.6 9.3 600

(11)

1,158,800

(12)

12.00
88.00 79.00

21.00
The gasifier bed temperature was 1480°F. The bed level was somewhat low in this run, such that the 
surging bed did not cover the stream of hot acceptor entering the gasifier. The result was that the 
gas leaving the gasifier was heated to 1530°F, as measured by thermocouples above the entering acceptor 
stream. The numbers in parentheses are the flows and compositions at the top of the bed.

Table 5-14. HEAT AND MATERIAL BALANCE - RUN 21 (BALANCE II) 
2300 HOURS SEPTEMBER 11 TO 0500 HOURS 
SEPTEMBER 12, 1974 VELVA LIGNITE SYSTEM 
PRESSURE 150 PSIG



60°F» liquid water
GASIFIER

001

Basis:
Oatus:

Sensible Heat Heat of Combustion
Lbs SCF °F BTU BTU

Input
Coal Feed(l) 2,500 400 258,600 27,245,100
Acceptor(S) 9,981 1850 4,357,500
Boot Gas 1465
Recycle(9) 8,460 255,800
Sterne 1,024 21,550 1,794,700
CO, 56 480 20,400

Ring Gas 1465
Steaa 1,499 31,540 2,626,900
Alr(12) 530 6,960 192,200

S’urge 60
RecycleO) 5,420
Inert(11) 81 1,030
Hs 120 1,620

Subtotal iS.791 9,506,100
Beats of Reaction
CaO + CO, « CaCOs 26.916 Mols at 76,200 Btu/Mol 2.051,000

Total 15,791 11,557,100 27,245,100

Output
Char
Tu Efegoperator(2) 704 1500 361,500 7,522,200
Cyclone Loss(3) 111 1500 54,600 1,020,400

Acceptor(7) 1500
To Regenerator 10,838 3,898,400
Reject 290 104,300

Gas 1500
Product(9) 2,582 64,730 2,011,500 20,704,400
Reeycle(9> 13,880 431,200
Steaa 1,240 26,090 2,196,900
■>» 6.9 76 2,800 48,800
MBs 19 410 17.900 180,000

Subtotal 15,790.9 9,079,100 29,475,800
Beats of Reaction
lest of Coabustion (Output - Input ex-Acceptor) 2,230,700
CaO -t- S a CaS + 0 0.251 Mol a at 196,540 Btu/Mol 49,300

Beat Loaa 198,000
Total 15,790.9 11,557,100 29,475,800

LIGNITE OH CHAR
U) (2) (3) ’ <4»

S, Wt #, Dry 4.47 0.72 0.71 CaO, Wt 1>
c 64.70 71.28 61.16 5.89 CaCO,
1 1.02 ©.“to 0.42 MgO
0 21.45 BgCO,
s 0.58 CaS
Ash Inert
Oxides 7.78 15.86 87.55
CaS 0.05 1.53 6.56
CaCOs 11.69 9.83

REGENERATOR
Sensible Heat Heat of Combustion

Lbs SCF Of BTU BTU
Input
Char(2) 704 1500 361,500 7,522,200
Acceptor

From Gasifier(7) 10,838 1500 3,898,400
Make-up(6) 560 60

Ring Gas 830
Air(12) 5,299 69,620 1,020,200
Moisture 19 410 27,300

Acceptor Lift Gas 1250
Recycled©) 49,950 1,300,100
Moisture 14 290 22,600

Char Lift Gas 750
Inert(11) 553 7,000 92,600
Recycle(lO) 620 8,900
Moisture 0.2 4 200

Purge 60
Recycle(lO) 1,210
Inert(ll) 72 910
Ms 13 ISO

Subtotal 18,072.2 8,731,800
Heats of Reaction

Heat of Combust ion (Input - Output ex-Acceptor) 6,477,500
CaC «■ 0 «s CaO + £ 0,066 Mols a'. 196,540 E*u/Mol 13,000

Total 18,072.2 13,222,300 7,522,200

Output
"ChaFfa) 170 1850 78,800 143,000
Acceptor(8) 1850
To Gasifier 9,981 4,357,400
Overhead 46 20,000

Gas 1850
Flue(lO) 7,795 90,790 3,742,400 894,600
Recycle(10) 51,780 2,134,600
Steaa 76 1,590 149,100
COS 1.1 6.7 400 4,200
HaS 0.4 4.5 200 2,900
SO, 2.4 14 800

Subtotal 18,071.9 10,483,700
Heats of Reaction
MgCO, » MgO ♦ CO, 3.115 Hols St 45,000 Btu/Mol 140,200
CaCO, a CaO 4 CO, 28.785 Mols at 76,200 Btu/Mol 2,193,400

Heat Loss 405,000
Total 18,071.9 13,222,300 1,044,700

ACCEPTOR GAS
(6> —m— (8) (9) (10) (ID (12)

30.56 48.68 CH., Mol i 10.10
47.46 23.372 51.19 0.07

36.80 41.04 CO 16.00 3.00
46.91 CO, 10.17 28.45 12.00

0.144 N, 13.54 68.48 88.00 79.00
5.63 9.13 10.28 0, 21.00

Table 5-15. HEAT AND MATERIAL BALANCE - RUN 21 (BALANCE III)
1900 HOURS TO 2300 HOURS SEPTEMBER 12, 1974
VELVA LIGNITE SYSTEM PRESSURE 150 PSIG



o
O'

Basis: 1 hour
Datoa: €0°F, liquid water

GSSIil^ BEGESERAim
Sensible Beat Seat of Combust ioa Sensible Heat

lbs SCF ®F BT0 BTU lbs SCF BTU
Input
Coal Feed(l> 2,450 400 253,400 27,597,700

Input
Char (2) 625 1495 325,700

Acceptor(8) 9,594 1840 4,157,000 Auxiliary Fuel(5) 106 60
Boot Gas 1430 Moisture 4 as
RecycleO) 14,600 433,000 Acceptor
Steaa 1,573 33,080 2,726,000 From Gasitier(7} IO, 686 1495 3,861,000

Ring Gas 1506 Make-up(6) 560 60
Steaa 1,046 22,000 1,855,700 Ring Gas 830

Purge 60 Air<12} 5,806 76,280 1,117,600
Recycle(9) 3,360 Moisture 21 440 30,000
Inart(li) 18 230 Acceptor Lift Gas 1175
Ma S3 1,260 Recycled©) 49,490 1,205,400

Subtotal 14,774 9,434.109 27,597,700 Moisture 14 290 21,900
Beats of Reaction Char Lift Gas 725
CaO 4- CG3 = CaCOs 32.676 Mols at 76.200 Btu/Mol 2,489,900 Inert (11) 553 7.000 89,100

Total 14,774 11,914,000 Recycle (IO) 2,860 39,600
Moisture 1 17 1,100

Q«*« Purge Gas 60
Cbar Recycle (10) 1,930

625 1495 325,700 6,858,900 Inert (11) 43 540
Reject (2) 75 1496 39,000 823,000 8, IO 140
Cyclone LossesO) ICO 1495 49,500 900,200 Subtotal 18,429 6,691,40©

*ec^»t«»C7) 1496 • Beat,, of Reaction
To B^ermrator 10,686 3,861,000 Meat of Cosbiistioa (Input - Output ex-Acceptor) 7,216,700
Reject 2S6 107,000 CaS + O » CaO * S 0.030 Sols at 196,54© Btu/Mol 5,900

Gas 1495 Total 18,429 13,914,000
ProductCs) 1,799 57,060 1,782,000 21,656,900
SeeycletS) 17.960 560,500 Output
Steaa 1,170 34,620 2,070,400 Char{4> 149 1840 68,300

5.4 60 2,200 39,100 Aeceptcr(8) 1840
RSs 18 40© 17.100 172,900 To Gasifier 9,394 4,157,000

Sa&total 14,774.4 8,813,900 30.449,900 Overhead 46 19,800
B^ts of Reaction Gas 1840
Sam* ef Coaimst ion (Output - lasut ex-Acceptor) 2,852,200 Flue(IO) 8,531 98,700 4,069,200
CaO + S » CaS ❖ O 0.256 Mols at 196,540 Btu/Mol 50.300 Recycle(IO) 54,280 2,237,600

Seat Loss 198,000 Steaa 104 2,190 204,400
Total 14,774.4 11,914,000 COS 1.1 7.2 400

0.6 6.1 300
SO, 2.9 17 1,000

Subtotal 18,428.6 10,758,000
Beats of Reaction
MgCOs = MgO + COa 3.111 Mols at 45,000 Btu/Mol 140,000
CaCOs » CaO 4- C©3 34.265 Hols *t 76,200 Btu/Bol 2,611,000

Seat Loss 405,000
Total 18,428.6 13,914,000

Heat oi Conbustion BTC
6,838,800
1,235,300

8,0^00

152,100

716,900

4,500
3,900

877,400

limits m cma.

B, St H, Dry
<1)
4.59

(2)
.83

m
.78

(4) (5)
2.2© CwO, Wt £

c 86.16 72.79 59.10 7.19 74.30 CaCOs
s 1.00 .38 .22 .80 mo
o
8
Ash
Oxides

20.87
.54

8.84 10.35 23.26 83.76

7.20
1.50

14.00

IfcCQ*
CaS
Inert

CaS
CaC0,

Vt i. Moisture
.319

15.35
2.183
14.46

9.05

3.95

ACCEFTOR GAS
(6) (8) (9) (IO) (U) <12)

27.25 49.70 CH., Mol * 13.20
48.20 28.67 H, 60.73 .06

36.01 41.22 CO 15.20 2.20
46.86 CO, 8.14 29.78 12,00

.128 a. 2.73 67.96 88.00 79.00
4.94 7.94 9,08 o. 21.00

Table 5-16. HEAT AND MATERIAL BALANCE - RUN 26B
0000 TO 0300 HOURS JUNE 16, 1975 VELVA LIGNITE 
SYSTEM PRESSURE 150 PSIG



Basis: 1 hour
Datum: 60°F, liquid water

GASIFIER REGENERATOR
Sensible Heat Moat of Combustion Sensible Heat Heat of Combustion

Lbs SCF ®F BTU BTU Lbs SCF °F BTU BTU
Input lnput
Lignite Feed(l) 2,570 400 265,900 28,912,500 Char(2) 537 1490 276,100 6,050,800
Acceptor's) 13,258 1840 5,112,700 Auxiliary Fuel(5) 192 60 2,212,500
Boot Gas 1400 Moisture 10 213

Steam 1,806 38,000 3,099,800 Acceptor
C08 104 900 36,300 From Gasifier(7) 14,275 1490 4,594,000

Ring Gas 1500 Make-up(6) 560 60
Steaa 761 16,000 1,347,500 Ring Gas

Purge Gas 60 Alr(12) 5,791 76,100 830 1,114,700
RecycleO) 3,170 Moisture 21 444 29,900
Inert(11) 20 250 Acceptor Lift Gas 1400
H, 103 1.395 Recycle(lO) 50,540 1,505,500

Subtotal 18,622 9,862,200 28,912,500 Moisture 14 295 24,000
Heats of Reaction Char Lift Gas 760
CaO + COa = CaCOs 30.824 Mols at 76,200 Btu/Mol 2.348,800 Inert(1) 553 7,000 94,100

Total 18,622 12,211,000 Recycle (10) 2,890 42,100
Moisture 1 17 1,100

Output
Char

Purge
Recycle(10) 2,000

60

To Regenerator<2) 537 1490 276,100 6,030,800 Inert(ll) 8 100
Reject(2) 114 1490 58,600 1,283,900 R* 12 155
Cyclone Loss(3) 122 1490 60,300 1,246,500 Subtotal 21,974 7,681,500 8,263,300

Acceptor(7) 1490 Heats of Reaction
To Regenerator 
Reject

14,275
296

4,594,000
95,100

Heat of Combustion (Input - Output ex-Acceotor) 7.12b,bOO
Total 21,974 14,808,100

Gas 1490
Product(9) 2,191 62,150 1,956,900 23,053,200 Output
Recycle<9) 3,170 99,700 CtorM) 131 1840 60,400 156,400
Steaa 1,064 22,380 1,878,400 Acceptor(S) 1840
IM> 6 70 2,600 44,800 To Gasifier 13,258 5,112,700

17 388 16,600 168,700 Overhead 48 18,300
Subtotal 18,622 9,038,300 31,847,900 Gas 1840
Beats of Reaction Flue(10) 8,422 97,900 4,018,300 971,800
Beat of Combustion (Output - Input ex-Acceptor) 2,933,400 Recycle(lO) 55,430 2,275,800
CaO + 3 « CaS + O .200 Mols at 196,540 Btu/Mol 39,300 Steaa 110 2,320 216,700

Beat Loss 198,000 COS 1.1 7.0 400 4,400
Total 18,622 12,211,000 H,S 0.6 6.5 300 4,100

SO, 2.6 16.6 1,000
Subtotal
Beats of Reaction

21,973.5 11,704,100 1,136,700

MgC0» a MgO + CO] 0.151 Mols at 45,000 Btu/Mol 6,800
CaCO] « CaO + CO] 35.264 Mols at 78,200 Btu/Mol 2,687,100
CaS + 0 m CaO 4- 8 0.026 Mols at 196,540 Btu/Mol 5,100

Seat Loss 405.000
Total 21,974 14,808,100

LIGNITE C« CHAR ACCEPTOR GAS
<i) (2) 75F" <4) (5) <«) m (s) (9) (10) (ID (12)

1. *t t. Or, 4.42 .63 .45 2.18 CaO, Wt $ 75.32 95.44 CH*,, «ol * 13.00
C 66.73 75.57 69.20 8.39 74.44 CaCO] 96.24 20.46 H, 56.75 0.09
H .93 .34 .43 .81 MgO 1.75 1.92 CO 17.15 3.00
0 21.90 9.37 HSCO, 2.27 CO, 10.35 28.92 12.00
S .48 1.77 CaS 0.0678 2.75 67.99 88.00 79.00
Ash Inert 1.49 2.40 2.64 0] 21.00

Oxides 3.54 10.08 12.22 81.39 11.53
CaS .33 1.94 10.22
CeCOa

Wt Moisture
13.03 15.78

5.29

Table 5-17. HEAT AND MATERIAL BALANCE - RUN 28B
1900 HOURS SEPTEMBER 26 TO 0700 HOURS
SEPTEMBER 27, 1975 VELVA LIGNITE SYSTEM
PRESSURE 150 PSIG



Basis; 1 hour 
'"atui ; '»0<,r'» ilqu'i '

iS i
al F^edCl) 

Acceptor<B> 
Boot Gas 
Steaa 
COa

Bing Gas

RecycleO)
InertUD
*»

Subtotal
Beats of Reaction 
CaO + COs a CsCQa 

Total

Out;

To 1
Cyclone LossCS) 

BceeptorC?)
To Regoianratog Gas
ProductCd) 
RecycleO)

O
CO teats of Reaction 

Beat of CoabustioQ 
CeO + S « CaS * O 

teat loss

i,T70
13,595

1,937

197282
33.761 Mols s 19^62

710
131

15,043

2,248.5

1,125
6.5
18

TSJB
{Output - iBf
0.216 Mols si

is3§2

GASIFIER

SCF “F
Sensible Beal

mu

400 286,600
1845 5,258,300
1430

40.750 3,336,200
940 38,800

1500
15,650 1,318,000

6©
3,100
200

1,500
10,257,900

t 76.200 Btu/Mol 2,572.600
12,830,500

2490 363,500
1520 68,000

1490 4,857,800
1520

6«,TOoC®«.sa@»* 2,080,800
3,li>.» f3,m$4j 98.G00

23,673(23,435) 2,006,200
72 3,700
396 17,400

S.W.300

ut ex-Acceptor) 3,094,800
196,340 Btu/ml 42,500

198,000
12,830,50©

1,349,8

24,144,200

172,10©
33,7113,300

Ctaar(2)
Auxiliary FteelCS)

free Gasifier(7)
PC6)

Air(12)

Act^ptor Lift Gas 
Recycle CIO)

Osar Lift Gas
IsertCll)
SecycleClO)

Purge'
Recycled©)
Inert dl)
*»

Sabtotal
Beats of Seaeti4m 
Seat of C«^asstio
CaS + O = CaO + S

T«N4Sl
©UtpSBt
CtarC«5
Ac^^^torCS)
To Gasifier

Sensible Beat Heat of Corabustion
lbs SCF •F BTU BTU

710 1490 363,500 7.991,300
65 60 680,000
1 19

15,043 1490 4,857,800
560 60

840
6,196 81,400 1,208,900

23 475
1360

32,000

54,800 1,583,700
15 320

770
23,800

553 7,000 95,600
2,960 44,000

0.8 IT
€0

1,100

2,200
79 1,000
12.2 170

23,258 8,212.400 8,671,300

Reject(2)

PlnedO)■ec^cledo)

so.Subtotal
Stats of Reaction 

m&xh = Mg© * o©s 
CaCOs = -e- COa

Beat loss 
Mai

(Input - Output ex-Acceptor) 
0.028 Mols at 196.540 Btu/Mol 23^258

161

13,595

9,092 105,331
59,960 

89 1,877
1.2 8
0.5 5
2.3 14

W,2S*
0.151 Mols at 45,000 Btu/Mol 
38.953 Mols at 76,200 Btu/Mol

22,258

7,632,900
5,500

15.850,800

74,500

5,258,300
18,400
104,000

4,350,700
2,478,200

175,800
500
200
800is;w3oo

6,800
2,968,200
414,400

25,850,800

165,400

4,900
3.400

T753sr;-4&i

a> til €4} (5)
H, W *, Brjr 4.40 .65 .72 0.00 1.97c 63*83 75.51 68.68 7.21 67.58
8 .88 .37 .35 .74
O 33.45 8.91
8 .47 2.12
Asb
Oxides 5.97 12.97 14.39 85.32 18.68
CaS 0.43 1.17 7.47
CaCOs

Vt ft. Moisture
10.07 14.69

1.39

Cso, «t fCsCQb■B0
M&Xh
CaS
laert

(6)

£.27

1.49

€8) (9) fio) (11) (12)
96.44 CM., Mol $ 13.loa3.OS)

Bs" 57.15(57.31) .06
1.98 GO 17.13(16.72) 2.50

Ob 9.89(10.20) 29.51 12.00
•a 2.73 (2.72) 67.93 88.00 79.00

2.64 Oa 21.00

mss 1490*F. Tbs bed level was i•onewhat low in this run, such that thei gasifier bed tei
ging fes^ did net cover tbe strean of bot acceptor entering the gasifier. The result ms that the 
i leaving the gasifier mas bested to 152©°F, as neaaured by thermocouples above the entering acceptor

•itions at the top of the bed.

Table 5-18. HEAT AND MATERIAL BALANCE - RUN 33B 1600 HOURS
FEBRUARY 15 TO 0800 HOURS FEBRUARY 17, 1976
VELVA LIGNITE SYSTEM PRESSURE 150 PSIG



Basis:
Datum

1 hour
60°F, liquid vater

Itqsut
Coal FeedCl)
Acceptor(8)
Boot Gas 
Smcjelel9> 
Steam 00a

Bias Gas 
Steaa 
Air

Purge Gas 
RecycleO) 
laert(11)

2,470
11,599

1,384
113

250
71

17,585

9,040
29,120

970

25,940
8,110
2,600
3,180

400
1840
1440

Seasible Beat

255,500
4,473,000

288,700
2,408,300

40,400

2,154,200
173,400

off C«sB&Hsstioa BTO lagan 
Osar (2)
AsaaLliary EteelCS)

Stem Gasiffi«r(7) Haie-apCS)
Blue Gas 
Air 02) BecrcleOO)

12,993
580

Aeo^rer 14.fft Gas 
Recycle O0$

*Su1> total 
Seats of Reactioa
CaO + COg s CaCO, 32.445 Mols at 76,200 Btu/Mol 

Total 17,585

Output
Char
To Regenerator (2) 
Cyclone Loss(3) 

Acceptor{7)
To Regenerator 

Gas
12,993

1515
1585

1515
1565

9,801,500

2,472,300
12,273,800

113.800

4.302,300

7.580.600
2.155.600

Cfcar lift Gas 
Inert (XI) 
Recycle (IQ)

F6ss®e Gas 
SccycleClO) 
Inert OD

79,950
12,220

540

54,420
330

7,000
3,250

20
1,570
710
HO

1515
60

1515
60
840

Sensible Beat 
 BTU

4,302,300

1,187
20036

1,558
25

700
300

600
600

900
ODD

Subtotal 21,0
Beats off Reaction
Beat off Cnabustiaa (Xapet ■ Ctatput ex-Acceptor) 7,495,400 

11,400

OU3

Beat of Caebustion 
BTU

7,580,600
930,900

8,511,500

Product(9) 2,438 S4,430{6<.»«S}* 2,108.800 21,626,600 Total 21,033.2 15,309,200
RecycleO) 11,640(11,881) Ml ,000
Steaa 1,279 26,900(26,634) 2,311,MO QUtg&l
H,S 5.4 60 2,300 38.400 Charto 135 1840 62,000 162,000
Mi 13 285 13.000 123,800 Accep-or(B) 1840

Subtotal 17,585.4 9,579,300 31,525.000 To Gasifier 11,599 4,473,000
Beats off Reaction Octerhead 48 18,300
Seat of CcebustiOB (Output - input ex-Acceptor) 2,438.100 Reject 289 103,700
CaO + S * CaS + 0 0.297 Bols at 196.540 Btu/Mol 58,400 Gas 1840

Seat Loss 198.000 F1=.<1<» 8,883 102,960 4,236,200 845,500
Total 17,383.4 12,273,800 Becyde(lS9 71,480 2,940,100

Steaa 94 1.990 185,700
006 1.3 8 500 5,100

0.5 5.5 300 3,500
SO* 3.7 22 1.300

SaAeotal 21,033.5 12,021,100 1,016,100
BteCS of BteCtiCKB
HsCB, . WO.CB), 0.151 Mols at 45,000 Btu/Bol 6,800
CdCOh = CaO * COs 37.623 Bels at 76,200 Btu/Stol 2,866,900

Btet Loss 414.400
Total 21,093.5 15,309,200

COAL GB CRAB AGCSSTOB MS
(1) (2) to (4) (5) C6S ?7| (8) (9) doT (11) €12)

a. Wt %, Dry 4.87 .70 .94 2.03 Cafl. m $ 71.46 95.44 CB*. Hal f 11.90(11.86)*
c 68.89 77.59 63.09 8.44 75.82 CeCSfe 96.24 24.33 ■> 52.35(52.51) .06
n .71 0.45 .30 .68 RS© 1.72 1.92 GO 14.09(13.70) 2.50
0 18.48 7.92 f£gC$* 2.27 GO, 8.29 (8.60) 29.36 12.00
s 0.59 1.41 CaS .142 ■> 13.37(13.33) 68.08 88.00 79.00
Asb Inert 1.49 2.35 2.64 ©a 21.00
Oxides
CaS
CaCO,

ft $, Stoisture

11.03
0.223
10.01

20.03
.720
9.92

79.93
11.83 • gasifier bed 

King bed did 
i leaving the

temperature aas 1515°F. The bed level was soeevhat low in this run, such that tbe 
aot c^rer tbe stress of hot acceptor entering the gasifier. Tbe result was that the 
gasifier was heated to 156S*F, as eeasured by Uwrsocouples above tbe entering acceptor 
titers in paswstheses are the flows and coeposit Iona at the top off tbe bed.

Table 5-19. HEAT AND MATERIAL BALANCE - RUN 38C 0000 HOURS
AUGUST 26 TO 0700 AUGUST 27, 1976 WYODAK
SUBBITUMINOUS COAL SYSTEM PRESSURE 150 PSIG



Basis: 3 hour
Datua: 60°r, liquid water

GASIFIER

O

Lbs SCF °F
Sensible Heat 

BTU
Heat of Combustion 

BTU

2,690 255 140,400 29,228,800
Acceptor(8) 10,204 1845 3,946,700
Boot Gas 1425
Recyclo(S) 10,600 312,900
Steaa 1,573 33,100 2,721,100

Ring Gas 1500
Steam 1,066 22,430 1,888,900

Purge 60
RecycleO) 3,450
Inert (U) 142 1,800
H* 90 1,215

Subtotal 15,765 9,010,000 29,228,800
Seats of Reaction
CaO + CO, ~ CaCO, 36.05 Mols at 76,200 Btu/Mol 2.747.400

Total 15,765 11,757,400

* 1490
To R^enerator(2) 675 340,900 7,204,300
Cyclone lossesO) 206 102,600 2,068,700

Acceptor 1490
To Regenerator!?) 11,747 3,865,800

Gas 1490
Product (9) 2,004 60,760 1,888,900 22,576,500
Recycle! 9) 14,050 436,600
Steam 1,109 23,330 1,958,500

5.3 59 2,200 37,700
US, 19 424 18,100 184,200

Subtotal 15,765.3 8,613,600 32,071,400
Beats of Reaction
Beat of Ccasbust Ion !0utput - Input ex~Acceptor) 2,842,600
CaO + 8 * CaS 4 0 0.525 Mols at 196,540 Btu/Mol 103,200

Seat Loss 198,000
Total 15,765.3 11,757,400

LIGNITE OR CHAR
U> <2) 13) !4> (5)

H, Wt *, Dry 4.15 .61 .61 1.66 CaO, Wt $ Dry
c 65.11 71.68 67.08 6.12 68.84 CaCOs
H .97 .41 .36 .85 MgO
0 21.59 7.20 M«co3
S .81 1.75 CaS
Ash Inert

Oxides 7.37 13.70 17.91 79.00 19.70
CaS .432 1.283 14.88
CaCO,

Wt Moisture
13.1? 12.76

1.05

REGENERATOR
Sensible Heat Heat of Combust ion

Lbs SCF eF BTU BTU
Input
"Char(2) 675 1490 340,900 7,204,300
Aux. Fuel(5) 182 60 1,921,800

Moisture 2 40
Acceptor

Frew Gasifier!?) 11,747 1490 3,665,800
Make*up!6) 700 60

Ring Gas 840
Air(12) 6,405 84,140 1,249,500
Moisture 23 491 33,100

Acceptor Lift Gas 1350
Recycle(10) 53,860 1,543,800
Moisture 15 314 25,200

Char Lift Gas 780
Inert(11) 553 7,000 96,900
Recycle(lO) 2,970 44,900
Moisture 1 17 1,100

Purge Gas 60
Recycle(10) 2,690
Inert(1) 55 700
"t 10 135

Subtotal 20,368 7,201,200 9,126,100
Beats of Reaction

Beat of ComDustion {Input - Output ex-Acceptor) 7,827,100
CaS + 0 * CaO * S .08 Mols at 196,540 Btu/Mol 15.000

Total 20,368 15,043,300

Output
Char(4) 199 1843 90,200 173,600
Acceptor<8) 1845
To Gasifier 10,204 3,946,700
Overhead 59 22,900
Reject 336 130,000

Gas 1845
Flue (10) 9,458 109,460 4,526,600 1,116,500
Recycle(lO) 59,520 2,461,600
Steaa 101 2,117 198,300
COS 1.3 8,.1 - 500 5,100
B»8 0.5 6.0 300 3,800
soa 8.9 52. 6 3,100

Subtotal 20,367.7 11,380,200 1,299,000
Beats of Reaction
MgCO, >. MgO ♦ CO, 0.19 Mols at 45,000 Btu/Mol 8,500
CaCOs * CaO C0a 42.52 Mols at 76,200 Btu/Mol 3,240,200

Beat Loss 414,400
Total 20,367,7 15,043,300

ACCEPTOR GAS
(6) ff) (8) (9) dol (11) (12)

66.03 SO.44 CH., Mol % 13.00
96.24 29.74 a. 58.72 .07

1.67 1.92 CO 15.36 3.10
2.27 COs 8.16 29.73 12.00

.275 n8 4.76 67.10 88.00 79.00
1.49 2.29 2.64 0, 21.00

Table 5-20. HEAT AND MATERIAL BALANCE - RUN 39 1900 TO 2300
HOURS SEPTEMBER 29, 1976 GLENHAROLD LIGNITE SYSTEM 
PRESSURE 150 PSIG



Ba si S : 2 liour
©iiltiiat S50r'i’, liquid satur g^smsB

LOS SCP

GASmSB

•f
Seasible Beat 

BTU
Beat of CosbastloB 

BTU
Ingat
Coal Feed!11 2,530 330 195,700 27,971,100
Accept. orC^) S,T03 133S 2,577,200
Boot Gas 140u'

-Recycle<S> 3,350 257,900
Steaio 1,0^ 21,990 1,789,200

Biqs Gas 1500
Steaa* 1,315 27,670 2,329,900
Alr{12) 11,330 321,400

Ga s 90
atacarcle^ 2,050
XasnCH^ TO SSO

279 3,790
Sttbtotal l2t1fSS 7,448,20© 27,871,100
Seats 'Of Seaetlxm

^ CDs a CaCO, 22.454 Mols at ?£,2GG %a/Boi 1.711.000
Total 12,799 8,153,200

Oetpat
ClST 1^0
To Bcgcperat orC2> 993 282,300 5,623,000
Cyclone ^osaiS) 337 157,400 2,905,900

Accept or (7} 14m
To i^^eaerator 7,994 2,433,200

"©as 1480
fraaoctiS) 3,CS1 €7,860 2,105.500 20,541,200
9m<sjcle{3) 10,910 333,400
Steaa 1,137 23,910 2,001,000

7.9 93 3,000 53,000
S®s 19.3 431 18.300 19ft5qo

Sa&total 12,799 7,399,100 89,319,300
.‘Beats of Reaction
^at of Coa^^stlo® COutpsit - li^ot ea-Accegptor? 1,445,200
C^3 •* B « CaS ■»■ 0 0,595 Mols at 199,340 Sta/tasl 119,900

Beat Loss 198.000
Total 12,799 9,159,200

3208X18 98 CS&B
as m <9 <4> €5>

9, Wt £, ory 4.4S .57 .73 4.38 CaO, St $
€ 84.09 84.89 58.73 5.18 54.58 CaCO*

1,05 ,42 .42 .80
© 17.77 23.57 mco.S 1.08 •45 CaS
Ash lasrt

©sliies 11.83 24.7? 29,54 81.35 8.34
CaS i.m 1.49 13.47
CaCOa

Wt $, Mel Stars
9.% 9.10

9.28

REGENERATE
Sensible Heat Heat of Combustiun

Lbs ®F BTU BTU
ligjaS;
Char{2) 593 1490 232,300 5,629,000
Auxiliary fbelCS) 262 60 2,826,500
Saistsre 24 510

Acc^tor
Free OsslfierCT) 7,664 1480 2,493,200
MaiB»-ap(6) 840 SO

aisg Gas 800
Air<12) 5,587 73,130 1,028,400
RecycleCl©> 13,000 199,200
Beiders 34 503 33,500

Acceptor Lift Gas 1355
tecycletlO) 53,870 1,527,500
Moisture 15 314 25,300

C&ar Lift Gas 770
553 7,000 95,500

£ecjrcl8{l©? 3,090 45,200
Moisture 1 18 1,200

FstSs Gea
WccycheiXO} 540
IsertCll) 33 420
9s 31 420

Ss^otal 15,597 5,731,300 8,455,500
Beats of Serctios
Bsat of Cosbasti<m - Output ex-Acceptor) 6,855,500
CaS * O s CaO * S 0,132 Bala at 198,540 Btu/Mol 251900

Total 15,597 12,612,700
Gutfait
Ckarft) 211 1835 94,800 155,700
Acc^forCS) 18%
To Gasif ter 6,703 2,577,200
OesrbeaS 71 37,400
Mojoet 403 155,100

Gas 1835
Flue 3,018 93,3%) 3,815,900 1,433,200
Bacycie 70,490 2,851,600
Stw 183 3,340 358,800
COS 1.1 6.8 400 4,300
SaS 1.0 10.8 500 8,800
■»> 7.9 46.6 2.700

S^total 15,597 9,884,400 1,600,000
S^ts of Seactio®
Mgco, * m* + c&s 0.227 Mols at 45,000 Stu/gol 10,200
CsCQs m CsO + COa 30.233 Stela at 76,200 Btu/Bol 2,303,700

Seat Loss 414,400
Total 12,612,700

ACCSTOB GAS
<*> ~CT <8> (9) n« m> C12)

87.31 SS.44 ca«. Mel $ 11.30
9€,24 23,31 >* 43.44 .23

1.^ l.SS CO 14.73 4.50
2,27 COa 10.49 29.59 12.00

0.395 *M 20.01 98.99 88.00 79.00
1.49 2.30 2.64 O. 21.00

Table 5-21. HEAT AND MATERIAL BALANCE - RUN 40B 0800 TO 1600
HOURS NOVEMBER 18, 1976 TEXAS LIGNITE SYSTEM PRESSURE
150 PSIG



Is)

Basis; 1 hour
Datum: 60°F, liquid water GASIFIER

Sensible Heal
Lbs SCF «»p BTU

Input
340Coal Peed(1) 2,140 173,200

Acceptor(8)
Boot Gas

19,618 1843 8,570,900

Steam 1.711 36,000 1520 3,050,900
co8

Ring Gas
108 933 1520 41,500

Steaa 765 16,100 1495 1,353,700
Purge Gas 60
RecycleO) 2,480
Inert Gas(li) 2? 340
Ritrogen 143 1,940

Subtotal
Seats of Reaction

24,512 13,190,200

CaO + CO* = CaCO, 25.00 Mols at 76,200 Btu/Mol 1,905,OX)
Total 24,512 15.095,200

To Regene rat or(2) 480 1528 246,100
Cyclone Loss(3) 1S2 1560 85,700

Gas 1560
Product C9) 2,099 59,250(59,407)* 1,945,600
RecycleO) 2,480 (2,486) 81,300
Steam 1,052 22,140(21,977) 1,899,700
H*S 5 34 2,100
HU, 15 320 14,700

*cceptor{7> 20,699 1528 7,479,400
Subtotal
Beats of Reaction

24,512 11,754,600

Seat of Combustion {Output - input ex-Acceptor) 3,049,500
CaO + S = CaS + 0 ,474 Mols at 196,540 Btu/Mol 93,100

Heat Loss 198,000
Total 24.512 15,036,200

CG&L Ok CHAR
(1) <2> (4) (5)

B. Wt *, Dry 4.73 0.62 0.74 4.73
c 67.10 67.27 83.54 5.92 67,10
H 0.93 0.27 0.35 0.93
O 17.76 17.76
s 0.92 0.92
Asb
Oxides 8.56 23.55 20.77 79.28 8.56
CaS .244 1.711 14.80
CaCO* 8.051 .895

Heat of Combustion 
BTU

24,906,800

24,908,800

4,820,100
1,556,000

21,404,500

34,200
140.500

27,555.300

CaO, Wt Dry
CaCOa
MgO
MgCO,
CaS
Inert
SO*

REGENERATOR
Sensible Heat Heat of Combustion

Lbs SCF °F BTU BTU

"ther(2) 480 1528 246,100 4,820,100
Aux. Fuel(5) 304 60 3,538,000
Acceptor

Proa Gasifier(7) 20,699 1528 7,479,400
Makeup(6) 560 60

Bing Gas 770
Air(l2) 1,483 19,490 262,500
Recycle Gas(10) 17,920 263,300
Moisture 10 220 14,400

Acceptor Lift Gas 780
Air(12) 4,422 58,100 794,100
Moisture 16 340 22,400

Char Lift Gas 770
Inert Gas(ll) 553 7,000 95,500
Recycle Gas(lO) 2,670 39,200
Moisture 0.7 16 1,000

Purge Gas 60
Recycle Gas(lO) 3,040
Inert(11) 47 600
Nitrogen 67 910

Subtotal 28,642 9,217,900 8,358,1QO
Heats of Reaction

Heat of Combustion (Input - Output ex-Acceptor) 7,529,000
CaS + 0 = CaO + S 0.07 Mols at 196,540 Btu/Mol 13,600

Total 28,642 16,760,500

Output
Char(4> 178 1843 80,400 150,200
Acceptor(8) 1843
To Gasifier 19,618 8,570,900
Overhead 61 26,700
Reject 245 106,900

Gas 1843
Flue Gas(10) 8,355 97,860 3,993,300 669,000
&ecycle(10) 26,630 964,200
Steam 176 3,700 346,400
COS 0.8 5 300 3,300
B*S 0.9 10 500 6,600
so. 7.4 44 2.600

Subtotal 28,642 14,092,200 829,100
Beats of Reaction

MgCQ* = MgO + CO* 3.24 Mols at 45,000 Btu/Mol 145,600
CaCO* - CaO + CO* 27.33 Hols at 76,200 Btu/Mol 2,082,500

Heat Loss 440,200
Total 28,642 16,760,500

ACCEPTOR GAS
(«) (7) (8) (9) (10) (U) (12)

37.36 46..51 CH4, Mol £ 11.90(11.87)*
45.34 11.801 «* 56.64(56.75) 0.13

40.41 42,.64 co 17.70(17.40) 2.00
48.72 CO* 9.84(10.07) 27.41 12.00

.146 H* 3.92 (3.91) 70,46 88.00 79.00
5.94 10.28 IO.,85 o* 21.00

NOTE: Tbe gasifier bed temperature was 1528°F. The bed level was somewhat low in this run, such that the 
surging bed did not cover the stream of hot acceptor entering the gasifier. The result was that the 
gas leaving the gasifier was heated to 1560°F, as measured by thermocouples above the entering acceptor
stream. The numbers in parentheses are the flows and compositions at the top of the bed.

Table 5-22 HEAT AND MATERIAL BALANCE 
JUNE 6 TO 0700 HOURS JUNE 
SUBBITUMINOUS COAL SYSTEM

7,
RUN 45 0700 HOURS 
1977 WYODAK

PRESSURE 150 PSIG



113

GASIFIER
Sensible Heat 

BTU 
Heat of Combustion 

BTU

regenerator
Heat of Combustion 

BTU

Basis; 1 hour
Dattun: 60®F, liquid *ater

Lbs SCF °F
Input
Coal FeedO) 2,885 349 242,900
Acceptor(S)
Boot Gas

16,965 1890
1460

6,738,500

RecycleO) 5,060 156,400
Steam 2,164 45,530 3,785,900
CO,

Ring Gas
120 1,030

1500
43,600

Steam
Purge Gas
RecycleO)

903 19,000
60

2,440

1,600,100

Inert(ll) 22 275
*. 299 4,050

Subtotal 23,358 12.567.400
Heats of Reaction
CaO ♦ COa *. CaCO* 31.72 Mols at 76,200 Btu/Mol 2,417.400

Total 23,358 14,984,800

Output
Char
To Regenerator(2) 729 1490 372,300
Cyclone Loss{3) 

Acceptor
143 1500

1490
73,400

To Eegererafoi(7) 
Gas

13,300
1500

5,833,100

product (9) 2,771 72,350(72,420)* 2,306,200
RecycleO) 7,500 (7,510) 239,200
Steam 1,386 29,155(29,076) 2,455,300
H*S 11 126 4,600
KH* IS 412 17.800

Subtotal 23,358 11.301,900
teats of Reaction
Heat of Combustion (Output - :Input ex-Acceptor) 3,474,100
CaO * S = CaS + 0 

teat Loss
.055 Mols at 196,540 Btu/Mol 10,800

198,000
Total 23,358 14,984,800

31,725,000

31,725,000

7,787,300
1,462,900

25,689,700

80,000
179,200

35,199,100

Sensible Heat
Lbs SCF ®F BTU

Char (2) 729 1490 372,300
Aux. Fuel(5) 101 60
Acceptor

From Gaalfler(7) 18,300 1490 5,833,100
Makeup(6) 270 60

Ring Gas 767
Air(12> 1,920 25,220 338,300
Recycle(IO) 13,770 201,800
Moisture 11 227 15,000

Acceptor Lift Gas 785
Air(12) 4,306 56,570 778,800
Moisture 16 330 21,900

Char Lift Gas 790
Inert(11) 553 7,000 98,300
Recycle(10) 6,260 95,000
Moisture 1.7 37 2,400

Purge 60
Recycle(lO) 2,475
InertUD 66 830
S*

Subtotal
-33-3

26,307
450

7,756,900
Beats of Reaction

teat of Combustion (input - Output ex-Acceptor) 7,704,700
CaS 0 » CaO * S 0.03 Mols at 196,540 Btu/Mol 5.300

Total 26,307 15,466,900

Output
Ch*r(4) 170 1890 82,100
Acceptor(d) 1890
To Gasifier 16,965 6,738,500
Overhead 23 9,100
Reject 130 51,500

Gas 1890
Flue (10) 8,910 104,110 4,385,700
Recycle(10) 22,505 948,000
Steaa 107 2,258 214,300
COS 1.1 6.7 400
HaS 0.6 7.1 300
SO. 0.3 1.5 100

Subtotal 26,307 12,430,000
Seats of Reaction
MgCO* * MgO ♦ CO* 0.07 Mols at 45,000 Btu/Mol 3,300
CaCO* a CaO + CO* 34.03 Mols at 76,200 Btu/Mol 2,593,400

teat Loss 440,200
Total 26,307 16,466,900

7,787,300
1,110,600

8,897,900

167,000

1,017,500

4,200
4,500

1,193,200

H, Wt Dry
CN
O
S
Ash
Oxides
CaS
CaCOs

LIGNITE OR CHAR ACCEPTOR
(1) (2) <3> (4) (5) <6> m— (8) (9) (10)4.30 .70 .71 4.30 C.0, »t Dry 79.19 95.44 CH., Mol $ 12.73U2.72>*

65.93 71.29 6S.Cn 6.89 65.93 CaCO* 96.24 16.58 H* 53.05(53.14) .10.88 .38 .35 .88 MgO 1.78 1.92 CO 16.81(16.69) 2.9422.11 22.11 MgCO, t a.27 CO* 11.35(11.44) 27.79.43 .43 CaS .009 ». 6.06 (6.05) 69.17
Inert 1.49 2.44 2.64 0*6.35 12.10 9.73 92.66 6.35

.128 .967 . 43 • NOTE: The gasifier bed temperature was 1490®F, The bed level was somewhat low in this run.
15.40 20.24 surging bed <did not cover the stream of hot acceptor entering the gasifier. The resu.

(ID

12.00
88.00 79.00

21.00
ajch that the

gas leaving the gasifier was tested to 1500°F, as measured by thermocouples above the entering acceptor 
stream. The numbers in parentheses ere the flows ami compositions at the top of the bed.

Table 5-23. HEAT AND MATERIAL BALANCE - RUN 46C 1500 TO 2300 
HOURS, AUGUST 9, 1977 VELVA LIGNITE SYSTEM 
PRESSURE 190 PSIG



Basis: 1 hour
Datua: 60°F, liquid water

saainsB
Lbs SCP “F

Sensible feat 
BTU

Beat of Coabustidn 
BTU

Input
LicnlteCl) 2,730 350 230,000 30,132,500
Acceptor(8) 22,061 1660 8,752,600
Boot Gas
Steaa 1,9» 4»,$00 1450 3,357,000
£0. llO 960 1450 39,900

Bing Gas
Steaa SIS 13,000 1470 1,064,400

Fhrge Gas
■•cycle(9) 2,526 60
Inert(11) 24 300 60
Mitrogen 233 3,150 60

Subtotal 27,681 13,463,900 36,132,566

feats of feaction:
CaO + C03 s CaCOj 32.296 Mols at 76.300 Btu/Uol 2,460,900

Total 27,681 25,§e4,iSo

Qatpat
Char
To fegenerator(2) 669 1510 350,600 7,267,000
Cyclone Loss(3) 171 1530 89,600 1,769,600

Acceptor
To fegeiierator(7) 23,422 1510 7,622,000

Gas 1530
Product(9) 2,455 69,000(69,,131!* 2,189,200 24,493,400
■•cycle(9) 2,525 (2,,529) 80,100
Steaa 939 19,750(19,629) 1,679,000
BaS 4 49 1,800 31,400
SB, 21 463 20,700 203,500

Subtotal 27,681 U.W,6M> 33,784,§86

feats of feaction:
Beat of CoBbnstion (Output - Input ex-Acceptor) 3,632,400
CaO * S s CaS + 0 .313 Slols at 196,540 Btu/Mol 61,400

feat Loss 198,000
Total 27,fel 14,324,800

mm
Sensible feat feat of Combustion

Lbs SCF °F BTU BTU
lapnt
Char(2) 669 1510 350,600 7,267,000
Aux. Fuel(S) 
ifeMptor

153 SO 1,695,400

Proa Gasifier(7) 23,422 1510 7,622,000
fefea^>(6) 268 60

Bi^ Gas 741
Air(12) 1,587 20,850 269,000
■oisture 6 126 7,900

Acceptor Lift Gas
Air(l3) 4,350 57,150 786 787,900
SSoistKFe 16 337 786 22,100

Char Lift fes 760
Inert(11) 553 7,000 94,100
Becycle(lO) 3,500 50,000
Boisture 

ferge fee
1 20

60
1,300

Bacyrle(lO) 2,480
Iran (11) 87 1,100
Nitrogen 100 1.350

Subtotal
Beets of Seactioa

11,212 ■57S5547105 8,962,466

Beat of Combust ion (Input - Output ex-Acceptor) 7,249,400
CaS + O = Cad) * S: .006 Mols at 196,540 Btu/Mol 1,100

Total 31,212 16,455,400

Output
Char(43 163 1860 76,000 200,100
Acceptor(8) 1860
To Gasifier 22,051 8,752,600
Overhead 39 15,500
■eject

Gas
222

I860
88,000

Pl«e Gns(lO) 8,613 101,500 4,164,700 1,505,300
Becycle(lO) 6,000 244,400
Steam 117 2,470 231,900
GOS .7 5 300 3,000

.6 7 300. 4,600
SO, 5.7 34 2,000

Subtotal
Beats ot feaction

31,212 li.SW.MB 1,713,000

CaCO* = CaO + CO, 32.0X5 Mols at 76,200 Btu/Mol - 2,439,500
Seat Loss 440,200
Total il,±L2 Te,3BT,4S5

LIGNITE GB CBAB AOCZPX08 GAS
(D (2) (3/ (4) (5) (6) Iri (8) (9) (I3T (11) (12)

H, Wt Dry 4.33 .77 .7 4.33 CaO, Wt Dry 84.41 74.19 86.76 CHa, Mol i 11.00(10.98)*
C 66.37 72.28 69.22 8.60 66.37 CaCOs 13.267 Ha 56.17(56.25) .21
■ 1.06 .35 .38 1.06 MgO 3.06 2.94 3.12 CO 19.04(18.84) 4.40
O 21.36 21.36 MgCOs co. 8.68 (8.83) 26.27 12.00 79.00
S .52 .52 CaS .064 5.11 (5.10) 69.12 83.00 21.00
Ash Inert 9.83 9.52 10.12 o.

Oxides 6.36 11.91 12.31 78.93 6.36 80s 2.71
CaS .18 .99 12.47
CaCOs 14.51 16.40 • KQTS: The gasifier bed temperature ns 1S10°F. The bed level was somewhat low in this run, such that tbe

ssEBinS fed did sot cower the stress of hot acceptor entering the gasifier. The result was that the 
gas leaving the gasifier was heated to 1530°F, as eeasured by thermocouples above the entering 
acceptor stress. The nuabers in parentheses are the flows and compositions at the top of tbe bed.

Table 5-24 HEAT AND MATERIAL BALANCE - RUN 47B 1230 HOURS 
SEPTEMBER 29 to 0700 HOURS OCTOBER 1, 1977 
VELVA LIGNITE - RECONSTITUTED ACCEPTOR SYSTEM 
PRESSURE 150 PSIG



Coal

Acceptor

Bed Temperature, °F 
Gasifier 
Begeoerator 

Coal Feedrate, Ib/hr 
Circulation Rate, Ib/hr 
Acceptor Activity 
Ffciel Char to Regenerator, Ib/hr 
Gasifier Overhead Solids, Ib/hr 
Char Bed Reject, ib/hr 
Auxiliary Fuel, Ib/hr 
Total Gasifier Steam, SCFH 
Gasifier Air, SCFH 
Recycle Gas to Gasifier Boot, SCFH 
Regenerator Air (measured), SCFH 
Segeuerator Air (as calculated by 
process model), SCFH 

% Difference

Cn 1» Steam Conversion
t Fixed Carbon Gasified 
Fixed Carbon Gasified, Ib/hr
Carbon in Char Bed, lb
Hoi CH4 Produced per atom carbon gasified 
JNol ^4 in Raw Gas per mol CH4 in SKG 
it Acc^>tor Duty met by Recarbonat ion 
Reaction

Ret Heat oi Reaction per Atom of 
Carbon Gasified, Btu 

Mols CaCOa Formed per atom carbon
gasified

Mols CaCQa Formed per IOO lb coal feed 
BHV Auxiliary Fuel per HHV gasifier 

char loss
HBF Auxiliary Fuel per HHV total fuel 

to regenerator

Run Run Run Run Run Run Run Run Run Run Run Bun
21-1 21-11 21-iu 26B 28B 33B 38C 39 40B 45 46C 47B

Velva Velva velva Velva Velva Velva Wyodak Glenharold Texas wyodak Velva Velva
Lignite Lignite Lignite Lignite Lignite Lignite Subbit. Lignite Lignite Subbit. Lignite Lignite

Reconst•
Dolomite Dolomite Dolomite Dolomite Limestone Limestone Limestone Limestone Limestone Dolomite Limestone Limestone

Run Conditions

1480 1480 1500 1495 1490 1490 1515 1490 1480 1528 1490 1510
1850 I860 1850 1840 1840 1845 1840 1845 1335 1843 1890 I860
2550 2600 2500 2450 2570 2770 2470 2690 2530 2140 2885 2720

11,860 11,510 10,840 10,680 14,280 15,040 13,(XX) 11,750 7,660 20,700 18,300 23,420
0.320 0.343 0.300 0.370 0.132 0.142 0.160 0.201 0.190 0.150 0.105 0,091

736 768 704 625 537 710 655 675 583 480 729 669
113.7 105.5 110.6 100.3 121.9 130.9 208.3 206.5 326.7 162.5 143.3 170.6

0 0 0 75 114 0 0 0 0 0 0 0
0 0 0 105.8 191.9 66 79.6 182.1 261.7 304 101 153

59,070 59,780 53,090 55,080 54,000 56,400 55,060 55,530 49,320 52,100 64,530 53,500
0 O 6959 0 0 0 6114 0 11,334 0 0 0

12,026 12,797 8458 14,596 0 0 9036 10,595 8857 0 5062 0
77,000 81,000 72,500 77,160 78,750 84,860 82,500 86,660 77,000 80,550 84,400 78,380

75,400 78,000 70,030 76,720 76,520 81,800 80,420 84,630 73,560 78,040 82,270 78,450
-2.1 -3.7 -3.4 -0.6 -2.8 -3.5 -2.5 -2.3 -4.5 -3.1 -2.5 +0.1

Results Which are not Stated Explicitly in Tables 5-13 Through 5-24

50.4 49.0 50.9 55.3 58.6 58.0 51.1 58.0 51.5 57.5 54.8 63.1
52.3 51.0 53.2 53.7 55.8 54.6 50.1 52.9 53.2 61.0 57.1 56.1
656 652 648 660 727 754 651 699 646 667 823 768

2460 2520 1580 2480 2730 2750 2770 2740 2430 2280 3190 2510
0.244 0.243 0.198 0.227 0.225 0.224 0.232 0.222 0.231 0.221 0.227 0.200
.450 .450 *“ .414 .416 .417 -- .416 — .394 .425 .368

84.4 85.8 84.8 92.7 84.0 86.2 93.4 97.0 95.2 63.0 71.8 67.7

32,650 31,270 26,120 33,130 31,380 31,470 28,640 31,330 17,840 37,380 32,580 36,860

0.331 0.341 0.298 0.359 0.308 0.329 0.362 0.371 0.242 0.290 0.283 0.310
1.15 1.16 1.04 1.28 1.14 1.19 1.28 1.30 0.86 1.14 1.05 1.19

- - - 0.717 0.874 0,504 0.432 0.929 0.973 2.27 0.759 0.958

— — — 0.153 0,268 0.078 0.109 0.211 0.334 0.423 0.125 0.189

at of combustion; moisture free. 60°F, liquid water basis.

Table 5-25. SUMMARIZED RUN CONDITIONS AND RESULTS



Run 26BSun 21 (Balance I) Run 21 (Balance ll) Run 21 (Balance 111)

Coal Feed, beat of corabustion 

Out
Heats of Corabustion 

Gasifier Streams 
Product Gas 

- Hot Chart’*
MB) + H2S

Regenerator Streams 
Flue Gas + HgS + COS 
Overhead Ash 

Ret Heats oi Reaction 
HgC03 = MgO + CO,
CaCO^ » CaO + CO*
CaO e S « CaS + 0 

Sensible Heats
Outlet Streams - Inlet Streams 

Heat tosses 
Gasifier 
Regenerator

Total

Btu/hr Percent Btu/hr Percent

27,800,000 100.0 28,305,400 100.0

21,439,100 77.1 21,396,500 75.6
1,097,600 4.0 1,024,100 3.6
242,400 0.9 235,700 0.8

645,100 2.3 999,700 3.5
149,400 0.5 159, IOO 0.6

140,200 0.5 140,200 0.5
139,100 0.5 135,900 0.5
33,000 0.1 31,200 0.1

3,311,100 11.9 3,580,000 12.7

198,000 0.7 198, OCXS 0.7
405.000 1.5 405.000 1.4

27,800,000 100.0 28,305,400 100.0

Btu/hr Percent Btu/hr Percent

27,245,100 100.0 27,597,700 100.0

20,704,400 76.0 21,656,900 78.5
1,020,400 3.8 487,900 1.8
228,800 0.9 211,000 0.8

901,700 3.3 725,300 2.6
143,000 0.5 152,100 0.5

140,200 0.5 140,000 0.5
142,400 o.s 121,100 0.4
36,300 0.1 44,400 0.2

3,324,900 12.2 3,456,000 12.3

198,000 0.7 198,000 0.7
405,000 1.5 405,000 1.5

27,245,100 100.0 25,597,700 100.0

(i) Heat of combustion, net char = heat of combustion of all gasifier char losses - heat of combustion of auxiliary fuel stream.

Table 5-26 SUMMARIZED HEAT BALANCE



Bun 28B Run 33B Run 38C

Btu/hr Percent Btu/hr Percent Btu/hr Percent Btu/hr Percent
In

Coal Feed, heat of combustion 28,912,500 100,0 30,808,500 100.0 29,086,900 100.0 29,228,800 100.0

Out
Heats of Combustion

Gasifier Streams
Product Gas 23,053,200 79.7 24,144,200 78.9 21,626,600 74.3 22,576,500 77.2Net Char<l> 317,900 1.1 669,800 2.2 1,224,700 4.2 146,900 0.5HHg + HgS

Regenerator Streams
213,500 0.7 218,000 0.7 162,200 0.6 221,900 0.8

Flue Gas + HgS +• C(^ 980,300 3.4 873,000 2.8 854,100 2.9 1,125,400 3.9
Overhead Ash 158,400 0.5 165,400 0.5 162,000 0.6 173,600 0.6

Het Heats of ReactionNgCOs = UgO + C0a 6,800 < 0.1 6,800 < 0.1 6,800 c o.i 8,500 < 0.1
CaCOg = CaO +■ COg 338,300 1.2 395,600 1.3 394,600 1.4 492,800 1.7
CaO + S = CaS + 0 44,400 0.2 37,000 0.1 47,000 0.2 88,200 0.3Sensible Heats
Outlet Streams - Inlet Streams 3,198,700 11.1 3,486,300 11.4 3,996,500 13.7 3,782,600 12.9

Beat Losses
Gasifier 198,000 0.7 198,000 0.7 198,000 0.7 198,OCX? 0.7
Regenerator 405,000 1.4 414.400 1.4 414,400 1.4 414,400 1.4

Total 28,912,500 100.0 30,608,500 100.0 29,086,900 100.0 29,228,800 100.0

Cl) Heat ot ccmbustion, net char * heat of combustion of all gasifier char losses - heat of combustion of auxiliary fuel stream.

Table 5-26 SUMMARIZED HEAT BALANCE (continued)



J

Run 40B Run 45 Run 46C Run 47B

Btu/hr Percent Btu/hr Percent Btu/hr Percent Btu/hr Percent
In

Coal Feed, heat of combustion
Met Char,l1) beat of combustion
CaC03 s CaO 4- COa, net heat of reaction

Total

27,871,100 100.0 24.905.800 
1,982,000

26.887.800

92.6
7,4

100.0

31,725,000 100.0 30,132,500

21,400
30,153,900

99.9

0.1
100.0

Out
Heats of Combustion

Gasifier Streams
Product Gas 
»et Char^S

20,541,200
79,100

73.7
0.3

21,404,500 79.6 25,689,700
352,300

81.0
1.1

24,493,400
74,200

81.2
0.2

MBs + HaS
Eegenerator Streams

240,500 0.9 174,700 0.7 259,200 0.8 234,900 0.8

Flue Gas + HaS + COS 1,444,300 5.2 678,900 2.5 1,026,200 3.2 1,512,900 5.0
Overhead Ash 155,700 0.6 150,200 0.6 167,000 0.5 200,100 0.7

Met Heats of Reaction
%COa = MgO + C03
CaCOs = CaO + CO,

10,200
592,700

< 0.1
2.1

145,600
177,500

0.5
0.7

3,300
176,000

< 0.1
0.6

CaO + S = CaS + 0 91,000 0.3 79,500 0.3 5,500 < 0.1 60,300 0.2
Sensible Heats

Outlet Streams - Inlet Streams
Heat Losses

4,104,000 14.7 3,438,700 12.8 3,407,600 10.8 2,939,900 9.8

Gasifier 198,000 0.7 198,000 0.7 198,000 0,6 198,000 0.6
Regenerator 414,400 1.5 440,200 1.6 440,200 1.4 440,200 1.5

Total 27,871,100 100.0 26,887,800 100.0 31,725,000 100.0 30,153,900 100.0

(&) Seat of combustion, net char = heat of combustion of all gasifier char losses - heat of combustion of auxiliary' fuel stream.

}

Table 5-26. SUMMARIZED HEAT BALANCE (Continued)



5.3.7 COMPARISON OF COMMERCIAL PLANT PROCESS DESIGN BASIS WITH PILOT PLANT 
OPERATING RESULTS

Table 5-27 presents in a concise form the end results of the pilot plant 
experimental program - namely, a comparison of the pilot plant data base 
with the commercial plant process design basis. Volume 10 of this report 
gives details of the latter.

In the table, comparisons are made for the heat balances. The pilot plant 
thermal inefficiencies, such as the sensible heat content of the outlet 
streams minus that of the inlet streams, generally span the commercial 
plant design values. The pilot plant thermal efficiencies never quite 
matched the commercial plant design value, primarily because of the higher 
heat losses associated with a pilot plant and because the nonprocess char 
loss through the single-stage gasifier cyclone was not always compensated 
for by use of regenerator auxiliary fuel.

In the table, comparisons also are made for 15 process design criteria 
such as gasifier and regenerator temperatures, char retention time, meth­
ane yield, acceptor circulation rate, etc., as itemized. In all cate­
gories, the pilot plant operating ranges either spanned the commercial 
plant design criteria or approached them very closely. No computerized 
projections or extrapolations of the pilot plant process design data base 
are needed.

5.3.8 CALCULATION OF SULFUR BALANCES

5.3.8.1 Gasifier
In work sponsored by the EPA^, Consolidation Coal Co. studied the use 
of CaCO to desulfurize hot low-BTU fuel gas. Typical conditions were 
1600°F and 15 atm abs pressure. Sulfur was removed by the reaction,

CaC03 + H2S = CaS + I^O + C02 (5-49)

kp = ph2opco2/ph2s

In K = 16.67 - .0018535T + .4809 x 10"6T2 - 13977.2/T 
P
p = Partial pressure, atm
T = F

This work, done in a continuous system using fluidized bed reactors, 
showed that equilibrium in the above reaction was approached closely.

Later, during some early runs in the Rapid City pilot plant, the gasifier 
was isolated from the regenerator and its heat duty was supplied by partial 
combustion with air. In these instances, the flow rates and sulfur con­
tents of all the solids streams could be measured. The H^S content of gas 
at the top of the fluidized bed then could be calculated By difference.
Data pertaining to these runs are shown in Tables 5-10 through 5-12, Sub­
section 5.3.6, and Tables 5-28 through 5-31 of this section. As 5

(5) Curran, G. P., et al, "Production of Clean Fuel Gas from Bituminous Coal.H 
December, 1973, NTIS PB-232-695/AS. Work sponsored by EPA under Contract 
No. EHSD 71-15.
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CO2 Acceptor Process 
Commercial Design

Operating Range of the 
Rapid City Pilot Plant

K)o

Heat Balance 
In

Coal Feed, heat of combustion

Out
Heats of Combustion ($ of total)

Gasifier Streams 
Product Gas 
Net Char ^
NH3 + HgS

Regenerator Streams 
Flue Gas + H2S + COS 
Overhead Ash 

Net Heats of Reaction 
MgCOg » MgO + C02 
CaCOs = CaO + C03 
CaO + S = CaS + 0 

Sensible Heats
Outlet Streams - Inlet Streams 

Heat Losses 
Gasifier 
Regenerator 

Total

Process Design Criteria
Bed Temperature, QF

Gasifier
Regenerator

Hols Steam to Gasifier per 100 lb dry coal 
Hols Air to Regenerator per 100 lb dry coal 
Acceptor Circulation Rate, lb/hr/ft3 
$ Fixed Carbon Gasified
Nominal Char Residence Time in Gasifier, hr'2-* 
Net Heat of Reaction per atom carbon gasified^ 
Hols CH4 Produced per atom carbon gasified 
Hols CH4 in Raw Gas per mols CH* in SNG 
$ Acceptor Duty met by Recarbonation Reaction 
Acceptor Activity^4^
APco Driving Force,

Bottom of Gasifier Bed 
Top of Regenerator Bed 

$ Steam Conversion

100$ 100$

84.2 73.7 - 8!.2
0 0.2 - 4>2(«>

0.6 0.6 - 0.9

2.6 2.3 - 5.2
0.5 0.5 - 0.7

0 0 - 0.5
0 0.4 - 2.1

0.4 < 0.1 - 0.3

11.4 9.8 - 14.7

0.2 0.6 - 0.7
0,1 1.4 - 1.6

100.0

1520 1480 - 1528
1848 1835 - 1890
5.38 5.14 - 6.42
7.35 7.35 - 9.57
2340 880 - 2680
60.1 50.1 - 61.0
3.3 2.8 - 5.1

34,510 31,270 - 37,380
0.196 0.198 - 0.244
0.365 .368 • .450
97.2 63.0 - 97.0
.21 0.09 - Q.2Q

0.70 0.70 - 0.96
1,02 0.86 - 1.83

68 49 - 63

(1) Heat of combustion, net char » heat of combustion of all gasifier char losses - heat of combustion of auxiliary fuel stream.
(s) Nominal char residence time * Gasifier Char Bed Inventory x Fraction Char (Lbs)

^(Gasifier Char Exit Streams) (Lbs/hr)
(*) Net heat of reaction = net heat of combustion (output ~ input, excepting acceptor) + heat of combustion of the CaS produced in the gasifier. 
(«) Only for runs in which limestone acceptor was used.
CO APcos driving force * |Pcq (actual) - Pco2^©quilibriuin5|
(•) Excluding Run 45.

Table 5-27. COMPARISON OF COMMERCIAL PLANT PROCESS DESIGN 
BASIS WITH PILOT PLANT OPERATING RESULTS



121

see individual tables for details
Run 15B

Preox,
31-III 31-11 39 45 46C 47B

Velva Wyodak Sarpy Creek Glenharold Wyodak Velva Velva
Feedstock Lignite Subb. Subb. Lignite Subb. Lignite Lignite
Gasifier Temperature, °F 1525 1480 1470 1490 1528 1490 1510
System Pressure, atm abs 11,1 11.1 11.1 11.0 11.0 13.9 11.0
Feed Rate, Ib/hr 1120 1470 1530 2690 2140 2885 2720
Atoms/hr total sulfur fed .224 .312 .364 .778 .701 .400 1 .557
K # 322.9 260.7 246.2 269.2 334.7 269.2 302.3

pc<v atm 1.021 1.313 1.326 .6853 .8187 1.150 .7493
PII20 1.140 2.162 2.072 2.602 2.870 3.676 2.367

Mol s/hr H2S Leaving Gasifier
By Difference .0670 .247 .237 .138 .194 .303 .178
By Model Reaction .0650 .261 .264 .156 .142 .330 .129
100 x Model/difference

* Model reaction is: CaC03 +

In K = 16,67 - .0018535T +P T = °F

97

H2S ” CaS +

.4809 x 10-6

106

Ha0 + C02

T* - 13977.2/T

111 113 73 109 72

Table 5-28 GASIFIER SULFUR BALANCE SUMMARY



see heat and material balance table for input data

Stream
In____

Lb/hr * s Lb/hr S

Coal 1120 .64 7.168

Out
Cyclone Char —

Purged Char 138 .87 3.818
Quench Tower Char 163 2.30

Total
1.201
5.0i9

S to gas by difference = 2.149 Ib/hr =

Calculation of Outlet HaS by Model Reaction

.0670 mols/hr.

Pco . atm 1.021 
PHa0 1,140

K = 329.1
P

pu c = 1.021 x 1.140/329.1 = .00354HgO
mol s/hr HaS = .00354 x 75970/ll.l/379 » .0050

Table 5-29. DETAILS OF SULFUR BALANCE - RUN 15B
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see heat and material balance table for input data

Stream Lb/hr Is Lb/hr S
In

Coal 1470 .68 9.996

Out
Cyclone Char 153 .44 .673
Purged Char 136 .66 .898
Quench Tower Char 44 1.16 .510

S to gas by difference = 7.915 Ib/hr =

Total

.247 mols/hr

2.081

Calculation of Outlet HsS by Model Reaction
Pco , atm 1.313
Ph2o 2'162

K = 260.7 
P

p„ = 1.313 x 2.162/260.7 = .01089

mols/hr H2S = .01089 x 99200/11.1/379 = .261

Table 5-30. DETAILS OF SULFUR BALANCE - RUN 31-1II 
WYODAK
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see heat and material balance table for input data

Stream Lb/hr *3 Lb/hr S
In

Coal 1530 .75 11.475

Out
Cyclone Char 185 .65 1.202
Purged Char 144 1.35 1.944
Quench Tower Char 52 1.39 .723

S to gas by difference := 7.606 Ib/hr = .237 mols/hr

Total 3.869

Calculation of Outlet H2S by Model Reaction
Pco , atm 1.326
PHl0 2-072

K = 246.2 
P

PH s = 1.326 x 2.072/246.2 = .01116 

mols/hr H3S = .01116 x 97700/11.1/379 = .264

table 5-31. DETAILS OF SULFUR BALANCE - RUN 31-11 
SARPY CREEK
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summarized in Table 5-28 (Runs 15B, 31-1, and 31-11), close approach to 
equilibrium in Reaction 5-49 again was observed. In these runs, the 
source of CaCO_ was the calcium in the ash of the low-rank Western coals 
which were used. These coals characteristically contain reactive cal­
cium present in a large stoichiometric excess over their sulfur content.

Based on the above data, the process model uses equilibrium in Reaction 
5-49 to dictate the sulfur content of the gas at the top of the gasifier 
bed.

Small amounts of COS definitely are present, but the assumption was made 
that all the sulfur is in the form of H^S.

5.3.8.2 Regenerator

Earlier unpublished work by Consolidation Coal Co., done in 1962, indicated 
that equilibrium in the reaction,

CaS + H20 = CaO + H2S (5-50)

also was approached closely. During bench-scale development of the process in 1964-1968'-3 * *-), COS, SO?, and H2S always were present m the regenerator 
overhead gas. To allow for COS, the model assumes equilibrium in the 
companion reaction to Reaction 5-50, which is:

CaS + C02 = CaO + COS (5-51)

Equilibrium constants for Reactions 5-50 and 5-51 are, respectively:
-6 21/Kp = exp(17.5646 - .0092926T + 1.7716 x 10 T - 1070/T)

Kp = exp(-20.7776 + .0106626T - 1.98418 x 10"6T2 - 1611/T)

During the work described in Reference (3), in which the feedrates and 
sulfur contents of the fuel char and acceptor fed to the regenerator were 
measured, the total sulfur in the regenerator off-gas consistently was 
about 30 mol % of the total sulfur input; the remainder being CaS in the 
overhead char + ash.

5.3.8.3 Sequence of the Sulfur Balance

As the elemental and heat balances are being converged, the program 
calculates:

Gasifier

(1) H2S in the outlet gas according to Reaction 5-50.

(3) Interim Report No. 3, Book 3, Phase II, Bench-Scale Research on CSG
Process - Operation of the Bench-Scale Continuous Gasification Unit,
January, 1970. Research and Development Report No. 16. National
Technical Information Service PB-184720/AS.
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(2) Sulfur flow rate in the char fed to the regenerator.
(3) Sulfur flow rate in the acceptor fed to the regenerator by difference

between the coal sulfur feedrate and the sum of the measured gasifier
cyclone solids sulfur rate, (1) and (2) above.

Regenerator

(4) Total sulfur fed to the regenerator is sum of (3), above plus known 
sulfur flow rates of the auxiliary fuel and makeup acceptor.

(5) I^S and COS in the overhead gas according to Reactions 5-50 and 5-51.
(6) Total sulfur in the overhead gas as 30% of (4), above.
(7) *S02 in the overhead gas as the difference between (6) and (5), above.
(8) CaS in the overhead char plus ash as 70% of (4), above.

5.3.8.4 Notes on the Sulfur Content of Regenerator Outlet Solids

The model assumes that all of the coal ash and sulfur leave the top of 
the regenerator in the char + ash stream and therefore that the rej ected 
spent acceptor contains no ash or sulfur.

Actually, a small amount of the coal ash does react with the recirculating 
acceptor and is removed with the reject acceptor stream. Also, a small 
amount of sulfur builds up in the recirculating acceptor to an equilibrium 
level of, typically, 0.15 wt% of the acceptor and is rej ected with the 
spent acceptor stream. The only major exception to the small amounts of 
ash and sulfur rej ected occurred in Run 39, as shown in Table 32.
From the standpoint of heat and material balances, the model assumption 
is equivalent to the actual situation, since all of the input ash and 
sulfur leave the top of the regenerator.

5.3.8.5 Test of Use of Reaction 5-49 in Model

Sulfur balances were calculated for Runs 39, 45, 46C, and 47B, during 
which the recirculating acceptor from the regenerator supplied all the 
gasifier heat duty. Heat and material balance data from the model are 
shown in Tables 5-20 and 5-22 through 5-24 of Subsection 5.3.6.

Sulfur balance data in which the gasifier is calculated by difference 
from the measured solids streams are shown in Tables 5-32 through 5-35. 
Results are summarized in Table 5-28. Closures for Runs 39 and 46C are 
substantially as good as for the earlier runs. The reasons for the poorer 
closures in Runs 45 and 47B are not apparent. These runs did not differ 
fundamentally from the companion runs.

If the SO2 flow becomes negative (which has occurred only once) the 
program alters the 30/70 relationship to bring the SO^ flow rate to 
zero or to a very small positive value.
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see heat and material balance table for input data

MODEL ACTUAL SOLIDS
Stream Lb/hr «jTs Lb/hr S Lb/hr s Lb/hr S
In

Coal 2690 .81 21.789 2690 .81 21.789
Auxiliary Fuel 180 1.75 3.152 180 1.75 3.152
Acceptor Makeup ~ O ~ 0

Total 24.941 24.941

Out
Char from Regenerator 199 6.61 13.154 285 2.75 7.850
Attrited Acceptor 59 0 0 0 0 0

S-* Reject Acceptor 336 0 0 306 1.92<2> 5.875
to Subtotal 594 591

Gasifier Cyclone Char 206 .57 1.174 206 .57 1.174
Regenerator Gas 5.676 5.676
Gasifier Gas 4.991 #

Total 24.995 C1) 24.995

* S to gasifier gas by difference = 4.420 Ib/hr
= .138 mols/hr H2S

from model: .156 mols/hr I12S

(*) Total does not match exactly the input total because of rounding •
(2) Reject acceptor sulfur content is high because of use of a high- sodium lignite. Sulfur is in form

sodium sulfide which had reacted with the acceptor.

Table 5-32. DETAILS OF SULFUR BALANCE - RUN 39



see heat and material balance table for input data

MODEL ACTUAL SOLIDS
Stream Lb/hr s Lb/hr S Lb/hr * s I.b/hr S
In

Coal 2140 .92 19.688 2140 .92 19.688
Auxiliary Fuel 304 .92 2.797 304 .92 2.797
Acceptor Makeup ~ O ~ 0

Total 22.485 22.485

Out '

Char from Regenerator 178 6.58 11.712 390<2J 2.54 9.906
Attrited Acceptor 61 0 0 0 0
Reject Accentor 245 O 0 93 .15 .140

Subtotal 484 483
Gasifier Cyclone Char 162 .76 1.231 162 .76 1.231
Regenerator Gas 4.991 4.991
Gasifier Gas 4.568 #

Total 22.502 22.502

* S to gasifier gas by difference = 6.234 Ib/hr
.194 mols/hr H2S

from model: .142 mols/hr HaS

(O Total does not match exactly the input total because of rounding.
(2) The acceptor suffered size degradation unique in the history of operations. The resulting highly

expanded fluidized bed caused most of the reject acceptor to be carried out with the overhead char
and ash.

Table 5-33. DETAILS OF SULFUR BALANCE - RUN 45



see heat and material balance table for input data
MODEL ACTUAL SOLIDS

Stream Lb/hr s Lb/hr S Lb/hr i s Lb/hr S
In

Coal 2885 .43 12.406 2885 .43 12.406
Auxiliary Fuel lOl .43 .434 101 .43 .434
Acceptor Makeup ~ 0 0

Total 12.840 12.810

Out
Char from Regenerator 170 .19 .323 160 .56 .896
Attrited Acceptor 23 O 0 0 0 0
Reject Acceptor 130 0 0 184 .15 .276

Subtotal 323 344
Gasifier Cyclone Char 143 .43 .615 143 .43 .615
Regenerator Gas 1.294 1.294
Gasifier Gas 10.574

Total 12.806*1} 12.806

* S to gasifier gas by difference = 9.725 Ib/hr
= .303 mols/hr H2S

from model: .330 mols/hr H2S

<i) Total does not match exactly the input total because of rounding.

Table 5-34. DETAILS OF SULFUR BALANCE - RUN 46C



see heat and material balance table for input data

MODEL ACTUAL SOLIDS
Stream Lb/hr % s Lb/hr S Lb/hr 1* s Lb/hr S
In

Coal 2720 .52 14.144 2720 .52 14.144
Auxiliary Fuel 153 .52 .796 153 .52 .796
Acceptor Makeup 268 1.084 2.905 268 1.084 2.905

Total 17.845 17.845

Out
Char from Regenerator 163 5.54 9.030 185 3.83 7.086
Attrited Acceptor 39 O 0 0 0 0
Reject Acceptor 222 0 0 259 .15 .339

Subtotal 424 444
Gasifier Cyclone Char 171 .44 .752 171 .44 .752
Regenerator Gas 3.891 3.891
Gasifier Gas 4.144 "*

Total 17.817^1> 17.817

* S to gasifier gas by difference = 5.699 Ib/hr
= .178 mols/hr H2S

from model: .129 mols/hr H2S

(i) Total does not match exactly the input total because of rounding.

Table 5-35. DETAILS OF SULFUR BALANCE - RUN 47B



5.3.9 PARTICLE PROPERTIES

Routine analysis of solids samples were performed in the pilot plant lab­
oratory as described in Section 3, Book 1. These data were used primarily 
to monitor the daily operating conditions of the plant. Specific samples 
collected during selected balance periods were chosen for more detailed and 
comprehensive analysis. This work was performed at the Library laboratory 
to determine the compositions of the specific solids necessary for the cal­
culation of heat and material balances. In general, all samples were sepa­
rated into two or more size fractions and specified analyses performed on 
each size fraction. The final compositions were arrived at by weight aver­
aging the mean composition of each size fraction. By comparing the 
compositions of the individual size fractions, the observer can more 
easily detect spurious values which may be the result of analytical 
error, sampling technique, or contamination. In cases where atypical 
values were observed, the sample was either rej ected or the particular 
analysis was repeated. As a general rule, all carbon and hydrogen values 
represent the average of duplicate determinations. Specific details 
of other sample work-up performed at Library are described in Section 5.7. 
Standard analytical methods employed by the Library analytical laboratory 
are listed in Table 3.1 of Volume 12, Book 1.

5.3.9.1 Feedstocks

5.3.9.1.1 Gasifier Feedstocks

Tables 13-1 through 13-3, Appendices Subsection 13.4 of Book 4, list the 
ultimate and ash elemental compositions and the size distributions of 
the gasifier feedstocks that were used in the runs for which heat and 
material balances have been calculated.

5.3.9.1.2 Regenerator Auxiliary Fuel

Regenerator auxiliary fuel compositions are listed in Tables 13-14 
through 13-16, Appendices Subsection 13.4 of Book 4. Husky char was 
used as auxiliary fuel for the regenerator in Runs 26 to 39. Velva 
lignite fed from tote bins was used for Run 40. This was the first run 
in which a coal had been used as auxiliary fuel.

5.3.9.1.3 Acceptor Feedstocks

Typical compositions of the acceptor feedstocks are listed in Tables 
13-17 and 13-18, Appendices Subsection 13.4 of Book 4. Acceptor com­
positions for each run are not listed because the natural stone was 
generally quite uniform in composition. Analyses were performed only 
as a check when new shipments were received.

5.3.9.2 Process Solids

Process solids consist of gasifier bed material, recarbonated acceptor 
and calcined acceptor. Of primary importance are the recarbonated ac­
ceptor and the gasifier bed solids.
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5.3.9.2.1 Recarbonated Acceptor

The recarbonated acceptor samples were used to determine the acceptor 
activity and were processed as described in Section 5.7. Tables 13-19 
through 13-28, Appendices Subsection 13.4 of Book 4 list the recarbonated 
acceptor activity, particle density and size distribution for the heat 
and material balance runs.

5.3.9.2.2 Gasifier Bed Solids

The gasifier bed material samples were separated into the three components 
(char, acceptor, and intermediate fines) by the methods described in
Section 5.7. Tables 13-29 through 13-38, Appendices 13.4 of Book 4, list 
the breakdown of the three components in the gasifier bed. The compositions 
of the char fraction are listed in Tables 13-39 through 13-51, Appendices 
Subsection 13.4. It should be noted that these compositions are of the 
char component only. The 35 x 65 mesh fraction was not analyzed because 
of the inability to separate the char from the acceptor and intermediate 
fines in this size range.

5.3.9. 3 Effluent Solids

Gasifier quench tower solids compositions are listed in Tables 13-52 
through 13-63, Appendices Subsection 13.4. The gasifier external cyclone 
solids compositions are listed in Tables 13-64 through 13-73, Appendices 
Subsection 13.4.

The regenerator overhead solids compositions are listed in Tables 13-74 
through 13-82. Purged char and acceptor compositions are listed in
Tables 13-83 through 13-92. (See Appendices Subsection 13.4.)

5.3.10 DEPOSITS

5.3.10.1 Gasifier Deposits

During many runs throughout the pilot plant program, gasifier deposits 
were formed. The deposits can be categorized as:

(1) Deposits caused by equipment geometry.
(2) Deposits formed due to process upsets.
(3) Process derived deposits.

5.3.10.2 Equipment Geometry and Process Upset Deposits

Figure 5-17 shows the locations of the most common deposits caused by 
equipment geometry and process upsets. The boot wall deposits are typical 
of geometry-caused deposits. Dead-burned dolomite and active acceptor 
collect in the area behind the gas distributor bubble caps and between 
the distributor ring and the refractory wall. In this area, which is 
in effect in the shadow of the distributor ring, the solids are not 
fluidized. At the operating conditions of pressure and temperature, 
which are maintained in the C0o acceptor process reactor, nonfluidized 
acceptor solids will eventually agglomerate due to the formation of 
crystallite bridges between touching particles,
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Figure 5-17. LOCATION OF GASIFIER DEPOSITS
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5.3.10.3

During most runs the boot deposits did not cause any operating problems.
The deposits generally acted as a funnel directing the recarbonated 
acceptor into the CD-204 standleg. However, efforts were made to 
eliminate the deposits, since the possibility existed that a portion of 
the deposit might break away from the wall and plug the recarbonated 
acceptor standleg; and during some runs the deposits increased the gas 
inlet velocity to the boot with respect to the velocity near the top 
of the boot enough to interfere with the char-acceptor interface stability. 
Total elimination of the boot deposits was not routinely achieved during 
the pilot plan operations. However, progress was made in minimizing the 
size of the deposits through modification of the boot gas distributor 
design. Further improvements in the distributor design appear to be 
easily achievable.

The most common gasifier deposit caused by process upset is shown in the 
transition section of the reactor. Any time the char-acceptor interface 
level rose into the transition section, due to the loss of acceptor transfer 
from the boot, instrumentation malfunctions, or power failures, this type 
of deposit was likely to form.

In the transition section the gas velocity is normally insufficient to 
fluidize char-stripped acceptor. An interface level in the transition 
section will result in a large amount of nonfluidized acceptor, which 
with time will agglomerate as crystallite bridges form between particles.
If during an upset the temperature in the transition section drops below 
1300 F, the steam partial pressure in the reactor must be dropped below 
6 atm; otherwise, Ca(OH)^ will form. Phase changes in the CaCO -CaO- 
Ca(0H)2 system will then produce liquid melts which will instantly cause 
acceptor agglomeration.

As long as interface levels were maintained in the gasifier boot, no 
transition section deposits formed. In addition, a special operating 
procedure which is presented in Subsection 13.2.1 , Book 4, was developed 
which allowed routine recovery of the pilot plant operations when interface 
levels rose into the transition section. The special interface recovery 
procedure was a successful means of preventing transition section deposits.

Process-Derived Deposits

Process-derived deposits in the gasifier are related to the sodium present 
in the mineral matter associated with lignite. Since the vast lignite 
reserves in the Northern Great Plains vary from about 1 to 16% Na„0 in 
ash (sulfur free basis), it is clear that sodium content must be a con­
sideration in the selection of a raw material reserve for lignite gas­
ification.

Two types of gasifier deposits are encountered when using lignites of 
moderate to high sodium content. The first type occurs during plant 
start-up when air is injected into the gasifier to aid in maintaining 
the char bed temperature. Fused ash deposits form in front of the trans­
ition section distributor, as typified by Runs 32, 34, and 35 with Glenharold 
lignite (8% Na_0 in ash). The deposits resembled fingers or tubes 3 to 
6 inches long and 1 to 2 inches in outside diameter, extending both hori­
zontally and vertically from the distributor bubble caps. They contain 
10-15% Na20 and 41-46% Si02.
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The formation of the deposits apparently results from localized hot 
spots at the air distributor. By modifying the start-up procedure to 
totally avoid the use of air in the gasifier while feeding raw coal, 
the deposit formations were totally eliminated and so do not constitute 
a problem to the CO2 Acceptor Process. However, the formation of such 
deposits has significant implications regarding the practicality of using 
moderate to high sodium content lignites in other fluidized bed gasification 
processes which utilize oxygen injection into a gasifier char bed. During 
Run 35, the oxygen partial pressure at the transition section gas distri­
butor never exceeded 0.5 atmospheres when high sodium Glenharold lignite 
was fed to the reactor. Even at this low partial pressure, slag deposits 
formed. Therefore, it is doubtful that oxygen inj ection processes will 
be operable.

The second type of sodium-caused deposit formed during Run 36. As a result 
of reaction between the acceptor and char ash, some sodium is transferred 
to the acceptor particles. In Run 36 the sodium level in the acceptor 
reached 2.5 wt % Na20. This caused a sudden total agglomeration of all 
the acceptor in the gasifier boot. Laboratory tests indicated that the 
problem could be avoided by maintaining a 1500 F boot temperature and by 
operating at a slightly lower boot steam partial pressure (10 atm rather 
than 11.6). During Run 39 a conservative approach was taken, rather than 
operating at 10 atm steam partial pressure the partial pressure was main­
tained at about 9 atm. The sodium buildup in the acceptor stabilized 
at about 0.6 wt % Na20 and no agglomeration occurred. The run clearly 
demonstrated that lignites containing 8.0 wt % Na20 in the sulfur-free 
ash can be utilized by the CO2 acceptor process. Thus, the process can 
utilize the majority of the lignites in the Northern Great Plains region 
of the United States.

5.3.10.4 Regenerator Vessel Deposits

During the early pilot plant operations, runs prior to Run 16, the acceptor 
inventory was established by filling the regenerator with raw dolomite. The 
use of fresh acceptor for the initial acceptor inventory resulted in the 
formation of massive wall scale deposits in the regenerator. The majority 
of the wall scales, which at times were several inches thick near the bottom 
of the vessel, were apparently formed when the acceptor inventory was first 
calcined as the regenerator was heated to the operating temperature of 
1850°F.

When raw acceptor is first calcined, a soft, easily attrited material is 
formed. However, as the acceptor experiences several calcination-recar- 
bonation cycles during passage through the regenerator and gasifier reactors, 
a hard, attrition resistant material is formed. The early regenerator cal­
cinations produced a regenerator inventory which was totally composed of 
soft acceptor particles. This resulted in the production of large quantities 
of reactive and sticky acceptor fines which formed the wall deposits. The 
stickiness of the acceptor fines was apparently caused by the transient 
liquid which is known to exist for the CaS-CaSC^ system. Because of the 
large surface area of the fines, even minute amounts of liquid melts would 
cause fines agglomeration. The fines also hindered the calcined acceptor 
flow, due to the formation of fines-induced solids plugs in the CD-206 
standleg.
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The regenerator deposits and standleg plugs were overcome by modifying 
the start-up procedure to eliminate the initial fresh acceptor inventory.
The new start-up procedure incorporated the use of dead-burned dolomite 
for the initial regenerator inventory. Dead-burned dolomite is a material 
which has been fired to 3400 F. This treatment calcines the dolomite and 
destroys the internal pore structure, producing a rugged material which is 
inert to the reactions of the CO« acceptor process. Thus, once the regen­
erator is filied with dcad-burncu dolomite, the reactor can be heated 
rapidly to the 1850 F operating temperature. The dead-burned dolomite inven­
tory is then gradually replaced by the make-up of fresh acceptor to the re­
generator and the withdrawal of spent acceptor from the regenerator. When 
the dead-burned dolomite inventory is changed-out, the acceptor inventory 
is made up of a complete spectrum of particles with differing ages and 
hardnesses. Since at any instant the fresh acceptor make-up represents only 
a small fraction of the regenerator bed material, few fines are present 
in the reactor. The system is tolerant of these fines. The fines are 
eventually stripped from the inventory and are carried out of the reactor 
with the regenerator flue gases.

Figure 5-18 shows typical regenerator deposit buildups for Run 16 and beyond. 
Between Runs 16 and 41, thin scales (which were high in sulfur content and 
were composed primarily of acceptor fines) normally formed on the reactor 
walls. These scales adhered strongly to the reactor walls and did not cause 
any process problems. The scale thickness was apparently limited by the 
scrubbing action of the fluidized acceptor bed.

A thicker deposit formed along the lower walls of the reactor. The material 
nearest the reactor wall was normally loose dead-burned dolomite. The mater­
ial on top of the dead-burned dolomite was a mixture of acceptor and fused 
char ash. Apparently the distributor ring created a zone in which bed mater­
ial solids became defluidized. The char particles trapped in the area burned 
at high enough temperatures to cause some ash fusion. The deposit formed a 
stable geometry and never interfered with the reactor operation.

After Run 41, the regenerator was lined with refractory brick to reduce 
the reactor internal diameter so that the commercial operating practice 
of using air alone to fluidize the calcining acceptor could be demon­
strated. The brick lining covered the air ring distributor eliminating 
the stagnant area. This reactor geometry change totally eliminated the 
bottom end deposits. Thin wall scales still formed, However, these 
scales were thinner (normally not exceeding 1/8-inch in thickness) than 
the scales for the nonbrick lined regenerator. Presumably, the higher 
inlet fluidizing gas velocity (which was 3.5 to 4.0 ft/sec for the 
brick-lined vessel, versus the 2.5-3.0 ft/sec for the nonlined vessel) was 
responsible for the thinner scale thickness.

For both the brick-lined and nonlined vessel operations, deposits formed 
in the inlet cone section just ahead of the air ring distributor. The 
deposits were composed of agglomerated dead-burned dolomite. The deposit 
formed a steeper inlet cone to the reactor. Since the deposit formed a 
stable geometry, it was often left in the reactor after a run. No deposit 
would have formed had the inlet refractory cone been designed with a more 
acute included angle.

136



1/16
THICK
SCALE

FLUE GAS FLUE GAS
OUTLET OUTLET

WATER JACKET

REFRACTORY
BRICK

CAST
REFRACTORY

PROTECTIVE
GRATES
OVER
INLETS

PROTECTIVE
GRATES
OVER
INLETS

CALCINED
ACCEPTOR
OUTLET

SPENT
ACCEPTOR
OUTLET

SPENT
ACCEPTOR
OUTLET

CALCINED
ACCEPTOR
OUTLET

FUEL
CHAR
INLET

FUEL
CHAR
INLET

AIR
DISTRIBUTOR
RING

1/16 IN - 
THICK WALL 
SCALE 

WALL 
DEPOSIT

AIR
DISTRIBUTOR
RING

rummomiiLjmnjxaBji

CONE
-- DEPOSITS

INLET

ACCEPTOR 
LIFT LINE INLET

ACCEPTOR 
LIFT LINE INLET
BEFORE RUN k2 AFTER RUN 42

Figure 5-18. TYPICAL REGENERATOR DEPOSITS

137



Based on the experience with sodium-related deposits in the gasifier, 
similar deposits might be anticipated in the region of air combustion of 
the regenerator. The available data show that sodium deposits accumulate 
on the acceptor surfaces rather than on the regenerator internals.

5.3.10.5 Flue Gas Outlet Deposits

During several runs (but not all runs) when Velva lignite or Glenharold 
lignite were used as feedstocks, deposits composed of ash and acceptor 
fines formed in the gooseneck section which connects the regenerator flue 
gas nozzle with the water-cooled flue gas line to the ash cyclones. Figure 
5-19 shows the location and extent of the Run 46C deposit.

Although the deposits restricted the gas exit pipe opening to approxi- 
materly 1/3 of the original cross-sectional area, the deposits did not 
noticeably interfere with the pilot plant operation. Piping geometry 
may play a key roll in the formation of the deposits. The deposits have 
been almost totally (98%) confined to the gooseneck portion of the flue 
gas line. In the gooseneck the gas flow undergoes a 210-degree directional 
flow change. Essentially, no deposit forms in the straight lines which lead 
to and from the gooseneck section. A more important factor which may affect 
the deposit formation is the local temperature condition in the gooseneck 
section. The gooseneck is the first section of flue gas line which is 
water jacketed. The flue gases may cool enough to allow some recarbonation 
of acceptor fines which could lead to the formation of the deposits.

The gooseneck deposits are not expected to be a problem in commercial 
plants, since heat is not removed from the flue gases until the ash and 
attrited acceptor fines have been removed. The removal of the fines at 
the reactor exit conditions should eliminate the formation of deposits.

5.3.10.6 Calcined Acceptor Standleg Deposits

Scale deposits, composed mainly of recarbonated acceptor fines, formed 
in the calcined acceptor standleg during several runs. The apparent 
cause of the deposits was the recarbonation of acceptor fines at the 
walls of the standleg. The line scales were eliminated by installing 
several nitrogen purges near the inlet to the standleg. The nitrogen 
purges stripped the C02 containing flue gases which accompanied the 
acceptor into the standleg. By eliminating the interstitial CC^, 
recarbonation of fines in the standleg could not take place.

5.4 REGENERATOR OPERATION

5.4.1 CALCINATION

Information defining the effectiveness of the regenerator for acceptor 
calcination is contained in the following subsections:

(1) Gasification Heat and Material Balances, Subsection 5.3.6. This
section contains the composition of the acceptor entering and leaving 
the regenerator.
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(2) Acceptor Peformance, Subsection 5.5. This section provides infor­
mation on the impact of regenerator variables on acceptor performance.

No specific study of acceptor regenerator kinetigs was carried out at 
Rapid City. Under the conditions employed (1850 F and 15-60 minutes 
residence time), acceptor withdrawn from the regenerator was always 
completely calcined. This is consistent with the results of prior 
bench-scale studies.

5.4.2 CHAR COMBUSTION

Char is fed as fuel to the regenerator to provide heat for the endothermic 
calcination of the recarbonated acceptor. Most of the regenerator fuel 
requirements are met by using gasifier char. A slipstream of a mixture 
of partially gasified char and acceptor is removed from the gasifier 
char bed through standleg, CO-202, and then pneumatically conveyed to 
the regenerator in the char lift line, CO-204. The char-acceptor mixture 
is then combined in the regenerator with acceptor entering the regenerator 
by way of the acceptor lift line, CD-208,

The regenerator bed of acceptor is fluidized by air, and in the early 
runs, by a combination of air and recycled regenerator flue gas. Gas 
enters the regenerator from the acceptor life line, CD-208, and through 
the distributor ring located at the bottom of the regenerator. Under 
normal process conditions, only air is sent to the distributor ring. In 
the lift line, recycle flue gas was used before Run 42. After Run 40B, 
the acceptor lift line was lined with refractory. The refractory lining 
allowed the use of 100 percent air as lift gas. High temperatures resulting 
from the combustion of char that might enter the line with acceptor from 
the gasifier boot would be withstood by the refractory. The possibility 
of this happening before the lift line was lined with refractory had 
prevented the earlier use of air for acceptor lift gas. One-hundred precent 
air was used for the first time in Run 42. In all subsequent runs, air 
was used as acceptor lift gas.

The air admitted to the regenerator also supplies the oxygen for combustion 
of the char. Normally, 75,000 to 85,000 SCFH of air is needed. The total 
gas flow in the acceptor lift line is usually about 60,000 SCFH, so when 
this is 100-percent air, most of the air required for combustion enters 
the regenerator from the lift line. The air flow to the distributor ring 
is then about 20,000 SCFH.
The temperature in the regenerator fluid bed is controlled at about 1850°F. 
This high temperature is needed to provide the driving force for calcination

(3) "Phase II, Bench-Scale Research on CSG Process-Operation of the Bench 
Scale Continuous Gasification Unit" OCR R § D Report No. 16, Interim 
Report No. 3, Book 3, January 1970, HTS PB-184 720/AS.
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of the acceptor. The fluidized bed in the regenerator provides good 
mixing of the char and acceptor. As a result, the heat released by 
char burning is dispersed throughout the bed so that the temperature 
gradient between the top and bottom of the bed is usually no more than 
than about 30 P. The heat released from char burning is on the order 
of 7 to 8 million Btu/hr.

The regenerator temperature is controlled by adjusting the air flow 
to the regenerator. Since the total gas flow in the lift line must 
be set at a certain level (60,000 SCFH) in order to insure transport 
of the acceptor solids up the lift line, air flow changes are made in 
the distributor ring air flow. High temperatures are brought down by 
decreasing ring air flow so that less char combustion takes place. 
Likewise, when regenerator temperatures are low, air flow is increased 
to the ring so that more combustion takes place and the bed temperature 
increases.

High carbon burn-out levels are achieved in the regenerator. Nearly all 
the char feed to the regenerator is burned to a fine ash which is 
elutriated out of the regenerator bed. The small amount of carbon present 
in the ash normally represents less than 1% of the total carbon fed to 
the gasifier.

The regenerator is operated with a reducing atmosphere in order to prevent 
transient liquid-derived deposits. The carbon monoxide concentration is 
held in the range of 1 to 5%. This small percentage of CO has been shown 
in bench-scale work to prevent deposit formation. In the pilot plant, 
no problems with regenerator deposits occurred while the regenerator was 
operating under reducing conditions.

While a small percentage of CO in the regenerator exit gas is desirable 
for the purpose of preventing deposits, high CO levels are undesirable 
in both the pilot plant and in a commercial plant. During startup and 
throughout the early pilot plant runs, regenerator overhead gas was fre­
quently recycled back to the regenerator. If the gas contains a large 
percentage of CO, rapid combustion of this gas will take place at the 
regenerator inlet. Localized high temperatures could result and cause 
the char ash to fuse.

The CO concentration in the regenerator is controlled by regulating the 
rate of char transfer from the gasifier. High CO concentrations are 
lowered by reducing char transfer from the gasifier, and low CO concen­
trations are brought up by increasing char transfer.

During startup, the regenerator is initially heated up by recycling hot 
gas through the vessel. The recycle gas is heated by natural gas-fired 
furnaces. When the regenerator reaches 1000 F, char transfer from the 
gasifier is established. Char combustion continues £he heating of the 
regenerator to the process temperature of about 1850 F.
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A minimum of 800 F is required in the regenerator before char combustion 
is attempted. This requirement insures that the char fed to the regenerator 
will burn immediately.

5.4.3 USE OF AUXILIARY FUEL

Auxiliary fuel is fuel fed to the regenerator in addition to the char 
withdrawn from the gasifier. Natural gas was initially used as auxil­
iary fuel, but it was later replaced by a solid fuel system.

After Run 25, a solid feed system consisting of lockhoppers and a 
rotary feeder (see Figure 5-7) was installed on the char lift line,
CO-204. This system fed solid fuel into the char lift line, to be trans­
ported to the regenerator.

Char was used as auxiliary fuel for the first several runs. In Run 40A 
dried lignite, and in Run 41A subbituminous coal, were used as auxiliary 
fuels for the first time. Lignite or subbituminous coal was used in all 
subsequent runs.

The auxiliary fuel system provided the process with another degree of 
freedom and made plant operation more flexible. The use of auxiliary 
fuel served several purposes, which included:

(1) Auxiliary fuel aids in the startup of both the regenerator and 
gasifier.

(2) Auxiliary fuel provides a reliable source of fuel for the regenera­
tor during char transfer upsets.

(3) The fixed carbon burn-off level in the gasifier can be adjusted 
without any effect on the regenerator.

(4) The commercial practice of re-injecting gasifier overhead char 
fines back into the system can be simulated.

Auxiliary fuel fed to the regenerator during startup provides some of 
the regenerator fuel requirements that would otherwise be char from the 
gasifier. Char can then be withdrawn from the gasifier at a lower rate.
The lower char withdrawal rates allow more gasification of the char particles, 
thereby lowering the char particle density. Acceptor showering through 
the gasifier char bed is facilitated by a less dense char bed, so the 
acceptor circulation rate can be maintained at a reasonable level. This 
aids gasifier startup, since the circulating acceptor can now take on 
more of the gasifier heat duty.

Auxiliary fuel also allows char transfer upsets to be handled without 
affecting regenerator operation. When char transfer from the gasifier 
is lost, the auxiliary fuel feed rate is increased to supply all of 
the regenerator fuel requirements. This keeps the regenerator up to 
operating temperature and allows acceptor calcination to continue.
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The total fuel feed to the regenerator can be maintained by increasing the aux­
iliary fuel feed rate as char transfer from the gasifier is lowered. Thus, re­
generator operation is not affected by adjustments made in gasifier operation.

The use of auxiliary fuel simulates the commercial operating practice of re­
turning gasifier overhead char fines back to the system. In the pilot plant, 
the gasifier overhead fines (and the quench tower solids) are discarded. In 
a commercial coal gasification plant, however, all of the coal feed is util­
ized completely in order to maximize efficiency. Unreacted fines that are 
entrained out of the gasifier would be separated from the gas stream through 
the use of cylones and fed back to the regenerator to be used for fuel. The 
feed system for the fines in the commercial plant would be similar to the 
pilot plant auxiliary fuel feed system.

Usually, the auxiliary fuel feed rate was set to equal the rate at which 
carbon contained in the gasifier char fines was leaving the gasifier 
overhead. This simulated commercial practice more fully, since in a 
commercial plant the two streams are the same. The two rates could 
usually be maintained approximately equal, as long as an operational 
upset did not occur that necessitated a change in the auxiliary fuel 
feed rate or caused a change in the gasifier overhead solids rate.

Auxiliary fuel is brought onstream after char transfer to the regenerator 
has been established. The feeder is set at a low rate (approximately 100 to 
200 Ib/hr) and remains at this rate unless conditions require a change. At 
this feed rate, the auxiliary fuel feed rate will be about equal to the gas­
ifier overhead solids rate when the targeted process conditions are reached.

In order to maintain smooth flow of char out of the lockhoppers and into the 
char transfer line, a purge is put to the lockhoppers (see Figure 5-7.) The 
differential pressure, dP-2098, between the lower lockhopper and the auxiliary 
fuel inlet line to the char transfer lift line is used to control the purge, 
so that the lockhopper pressure is kept higher than that downstream at the in­
let line.

A thermocouple, TE-2408, in the auxiliary fuel line indicates whether auxi1i- 
ary fuel is still flowing in the line. Auxiliary fuel is cooler than the 
char in the lift line, so it causes a drop in temperature when it enters the
lift line. Therefore, whenever auxiliary fuel flow stops a temperature rise
is noted on the control room chart recorder. Operators then take appropriate 
action to re-establish the auxiliary fuel feed.

5.4.4 OXIDIZING OPERATION

The original concept of regenerator operation was to operate at reducing con­
ditions with 1-5 mol % CO in the regenerator flue gas. This was considered 
necessary to avoid deposit formation which was experienced during operation 
of the bench-scale gasification unit. About midway in the operating program 
of the pilot plant, and after technical feasibility had been demonstrated, 
the decision was made to determine if the bench-scale results were totally 
applicable to the pilot plant regenerator. The incentive to operate the re­
generator under oxidizing conditions came from the increased process thermal 
efficiency which would be obtained by converting all of the carbon in the re­
generator to C02. This would also eliminate the need for CO oxidizers in the 
commercial design flue gas system.
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5.4.4.1 Background

Bench-scale unit operation revealed that the presence of sulfur in the 
regenerator when operated at stoichiometric combustion conditions (less 
than 1% CO in the outlet gas) almost always resulted in the formation 
of large deposits. Studies revealed that the mechanism for the formation 
of these deposits was the formation of a low melting transient liquid 
composed of CaS and CaSO^, which glued the attrited acceptor fines and 
acceptor particles together. It was concluded that the source of this 
low melting transient liquid was CaS from both the fuel char and the 
incoming acceptor. At stoichiometric or oxidizing conditions, the CaS 
is oxidized to CaSO^ by reactions:

1/4 CaS + C02 = 1/4 CaS04 + CO (5-52)

1/4 CaS + 1/2 02 = 1/4 CaS04 (5-53)

The transient liquid forms when CaSO and CaS are present simultaneously. 
Therefore, the key to prevention of transient liquid formation was 
Reaction 5-52; to increase the CO content of the regenerator gas beyond 
the equilibrium level. This prevented the formation of CaSO^ via either 
of the two reactions, which in turn eliminated the deposits. For this 
reason, no attempt to operate the regenerator at oxidizing conditions 
was made during the early stages of the pilot plant operating program.

Although several early pilot plant runs produced the transient liquid-type 
deposits in the regenerator, these deposits were formed during plant upset 
conditions when oxygen breakthrough occurred in the regenerator. At this 
time the use of dead-burned dolomite as a start-up material had not yet 
been instituted. Therefore, the initial regenerator inventory was entirely 
fresh acceptor which attrits more easily than aged acceptor and thus pro­
duces more fines. Bench-scale experience indicated that the transient 
liquid formed uniformly throughout the acceptor particle. Because small 
particles provide more surface area, more liquid is available for contact 
with other particles, which greatly enhances deposit formation.

After the successful demonstration of the CO- acceptor process feasibility 
was achieved in Run 33B, the possibility of Being able to operate the pilot 
plant regenerator under oxidizing conditions became vbry conceivable.
There was a good probability that the particle size alone of the pilot 
plant acceptor would allow regenerator operation under oxidizing conditions. 
The acceptor used in the bench-scale operation was nominally 16 x 28 Tyler 
mesh, while the pilot plant acceptor was nominally 8 x 12 Tyler mesh.
The larger acceptor particles provide less surface area as well as a 
larger mass and momentum. This, coupled with a fluidizing velocity of 
two to three times that of the bench-scale regenerator, should all tend 
to decrease the potential for deposit formation.

5.4.4.2 Results

Run 43 was the first attempt to operate the regenerator at oxidizing 
conditions. The plan was to execute a normal startup, operate the regenerator 
for a period of time under the normal reducing conditions, and then phase
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into a neutral condition (i. e., 0-1% CO in the regenerator flue gas) for a 
period of time and finally increase the air flow until the regenerator flue 
gas contained approximately 1% oxygen. This objective was not achieved in 
either Run 43A or 43B because of premature shutdowns. Because time did not 
allow another run to be devoted to demonstrating oxidizing operation of the 
regenerator, the objective was added to Run 45. All objectives for Run 45 
were achieved. The regenerator was operated at neutral conditions for 8 
hours, then at oxidizing conditions for the last 30 hours prior to 
voluntary termination of the run. No indications of any operational 
problems were evident during either the neutral or oxidizing periods 
of the run. After the run an inspection revealed that the regenerator 
was essentially free of deposits. A thin, 1/4-inch thick wall scale 
covered the upper two-thirds of the vessel. The thermocouple probes 
were covered with the same type of scale material that had been witnessed 
after many previous runs. Some of this material had lodged in the 
metal grate over the inlet of the calcined acceptor standleg. The 
formation of this type of deposit would be insignificant in a commercial 
scale regenerator, because the total mass of the deposits formed would 
be proportional to the number of thermocouples installed and not to 
the size of the regenerator. It is also quite conceivable that deposit 
formation on thermowells could be eliminated through the proper selection 
of materials. Since the deposits appeared to form preferentially on 
the colder metal surfaces of the thermowells, the use of an insulating-type 
material rather than metal may be advantageous in that the rate of heat 
transfer from the hot and to the cold end would be reduced.

Bench-scale experience indicated that a massive deposit should have formed 
in the regenerator under the conditions imposed during Run 45. The absence 
of any significant deposit formations indicate strongly that oxidizing op­
eration should be considered in any future plant.

5.5 ACCEPTOR ACTIVITY

Acceptor activity is a measure of the ability of a given material to absorb 
or react with carbon dioxide (CO2) gas. This is a very important parameter 
in the operation of a CO2 acceptor gasification plant, as it is the reaction 
between CO2 and calcium oxide (CaO) that (1) supplies a large percentage of 
the heat required for gasification and (2) eliminates the need for a water- 
gas shift conversion unit, since the removal of CO2 causes increased hydro- 
gen (H2) production.

Traditionally, the acceptor activity has been defined by the following equa­
tion:

R = W (5-54)
C x F2

where W is the weight of CCL released from the acceptor upon calcination, C 
is the calcined sample weight and F2 is a gravimetric factor specific to each 
acceptor (See Section 5.7 of this report for a more complete description of 
the gravimetric factor). This acceptor activity definition is quite useful 
when comparing various runs made with the same acceptor feed material, since 
by definition the full range of activities is from 0 to 1. However, when 
comparing runs where different acceptor materials were used, it is often more 
informative to eliminate the gravimetric factor, F2, from Equation 5-54 and 
to redefine the activity as:

R Wc 145
(5-55)



where W and C are the same quantities described above. This value for the 
acceptor activity readily permits intercomparisons of the reactivity (on a 
weight basis) towards CO^ of any acceptor material.

The standard method used for the determination of acceptor activity is de­
scribed in detail in Section 5.7 of this report, entitled Bench-Scale Support 
Studies. In general, this measurement consisted of calcining a preweighed 
acceptor sample at 1700 F (927 C) in a stream of prepurified nitrogen and re­
weighing the sample to determine the amount of CO2 evolved. In addition to 
this method, acceptor activities were often determined using the data ob­
tained from calcining the samples in a recording thermobalance (Stanton TR-1) 
In this case, a sample (-^ 1 g) was loaded into the thermobalance under 1 atm 
of cCU gas and heated to 800°C (1472°F). Normally under these conditions a 
recaroonated acceptor (gasifier boot sample) would maintain a constant weight 
After assurance that the sample had reached constant weight, the atmosphere 
was changed to nitrogen and the sample was fully calcined. The sample weight 
was constantly read out on a chart and the sample was calcined until constant 
weight was achieved under 1 atm nitrogen at 800 C. The activity was then 
calculated by Equation 5-54 or 5-55. Normally the activities obtained by 
both methods were in good agreement with each other; however, if discrepan­
cies were observed, the data gained by the first method was preferred due to 
the approximate 20 fold larger sample size employed by that method.

The minimum acceptor activity required for the CO2 Acceptor process gasifier 
to be in heat balance is determined by two parameters. The first, acceptor 
circulation rate, directly affects the sensible heat supplied by the acceptor 
and indirectly influences the amount of chemical heat supplied by the accep­
tor. Since the acceptor activity declines in proportion to the number of 
times it is cycled, increased circulation rate (at a constant rate of fresh 
acceptor feed), while increasing the quantities of sensible heat from the cir 
culating acceptor, leads to decreased activity. The other factor which deter 
mines the minimum required activity is degree of CO2 removal necessary for 
achieving the desired ratio of lU to carbon oxides, for the final production 
of methane. The minimum acceptable acceptor activity for the CO2 acceptor 
process is approximately R = 0.10, based on Equation 5-55. This is equiva­
lent to a dolomite-derived acceptor activity of about 0.26 and limestone ac­
ceptor activities of approximately 0.14, both based on Equation 5-54. Table 
5-36 lists the equilibrium activity values obtained for the circulating ac­
ceptor during each of the pilot plant runs in which meaningful activity data 
were obtained. This table gives the activity based on both Equations 5-54, 
Column 17, and 5-53, Column 18 (see Table 5-36) where the Equation 5-54 grav­
imetric factors, F2, used are : 0.390 for the early runs, and 0.365 for Run
45 with dolomite-derived acceptor, and 0.749 for all the runs employing lime­
stone acceptors. For the run with reconstituted acceptor (Run 47B), an 
value of 0.681 was used.

5.5.1 DOLOMITE-DERIVED ACCEPTORS

Rapid City pilot plant Runs 21, 26B, and 45 were successful runs, of suffici­
ent duration for complete change-out of the dead burned-dolomite start-up 
material for fresh feed acceptor to be completed, in which dolomite-derived 
acceptor material was used. A comparison of the data for these runs (Table 
5-36) shows that the equilibrium acceptor activity maintained in Runs 21 and 
26B were approximately the same. The equilibrium activity of the acceptor 
from Run 45, however, was significantly lower than that of the two earlier 
runs at'•'-'0.15 vs. ^ 0.35. A great deal of this difference is undoubtedly 
due to the significantly lower make-up rate employed in Run 45 (1.25% vs. 
2.4-2.7%, Table 5-36, Column 5).
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Acceptor
Circulation

Acceptor
Hake-up Hake-up Rate, $ At At

Acceptor
Activity
ieq

Acceptor
Activitys

Bate Bate lbs Ca Fed/ At Gasifier Boot Regenerator &eq
Stun Cosl Ibe/hr Itoa/hr lbs Ca Circulated x 100 ain ain ain CA Basis Wt Basis

21-1 Velva 12150 560 2.40 13.5 3.7 52.9 0.320 0.122
2i-n Lignite 11800 560 2.50 14.9 3.9 54.9 0.343 0.131
21-IXI 11130 560 2.61 18.0 4.0 60.2 0.300 0.115
26B-S 10980 560 2.70 29.8 4.1 56.2 0.364 0.142
26B-I1 10980 560 2.70 29.0 4.1 53.8 0.392 0.153
2SB 14570 560 2.03 11.9 2.7 38.8 0.132 0.099

33B 15040 560 1.98 11.7 2.5 35.5 0.142 0.106

3@C •yodkk
Sufebit.

12990 560 2.32 17.3 2.7 39.4 0.160 0.120

39 Olanharold
Ucnlte

11750 700 3.29 19.4 3.1 46.2 0.220 0.165

4m Taxas
Mgnite

7664 840 6.02 37.7 4.6 64.7 0.218 0.163

•ss Wyodak
Babbit.

20700 560 1.25 12.0 2.0 16.4 0.150 0.055

46C Talaa
Idcalta

18300 270 0.76 6.6 2.3 21.8 0.105 0.078

47B • 23420 268 1.03 8.4 1.8 14.3 0.091 0.062

Table 5-36. RCPP BALANCE PERIOD RUN DATA
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Avep Ave C03 
Driving 
Force

Acceptor Acceptor
Particle
Density

T T HgO Activity
&

Activityft ^Acceptor Acceptor
Gasifier Regenerator Ate Atm Acceptor eq eq Recarbonated Feed Time

Rim 0f/°c °F/°C Abs. Abs. Material CA Basis Wt Basis Ibs/cu ft (hr)
21-1 1480/804 1850/1010 3.66 .783 Tyaochtee 0.320 0.122 145 155
21-11 1480/804 1860/1016 3.69 .778 Dolomite 0.343 0.131 146 207
21-III 1480/804 1850/1010 3.28 .739 0.300 0.115 144 227

263-1 1496/813 1840/1004 3.35 .631 0.364 0.142 141
26B-II 1495/813 1840/1004 3.35 .631 0.392 0.153 142

28B 1490/810 1835/1002 3.56 .822 Rapid City 
Limestone

0.132 0.099 126 252

33B 1490/810 1845/1007 3.58 .821 0.142 0.106 122 133

38C 1515/824 1840/1004 3.44 .596 0.160 0.120 113 241

39 1490/810 1845/1007 3.30 .697 0.220 0.165 113 114

40B 1480/804 1835/1002 3.10 .774 0.218 0.163 111 139

45 1528/831 1843/1006 3.61 .619 Tymochtee
Dolomite

0.150 0.055 143 200

46C 1490/810 1890/1032 4.55 1.126 Rapid City 
Limestone

0.105 0.078 142 178

47B 1510/821 1860/1016 3.17 .727 Reconstituted 0.091 0.062 142 78
Acceptor

Table 5-36, RCPP BALANCE PERIOD RUN DATA (continued)



However, even after correction for the lower make-up rate* the equili­
brium activity of the Run 45 acceptor is still well below that of the 
other dolomite-derived acceptor runs.

The make-up rate adjustment to the activity is based upon the data 
obtained from cycling samples of the acceptor in the automatic cycle 
test unit under various conditions, as described in Subsection 5.5.4 of 
this report. In essence, this method involves plotting the acceptor 
activity vs. number of cycles at each set of conditions and deriving 
equations which best fit the data. These equations are then used, via 
a computer program, to generate predicted equilibrium activity values 
for a given make-up rate of fresh acceptor. In general, the laboratory- 
generated activity data fit to the pilot plant data is excellent.

Table 5-37 shows a comparison between the calculated equilibrium activity, 
as described above, and the actual equilibrium activity measured during 
the pilot plant runs. The calculated activities in Table 5-37 are based 
on the following conditions:

TGasifier = 1520°F (827°C); Regenerator = 1840°F (1004°C);
Gasifier Residence time = 30 min; Regenerator Residence time = 50
min; total pressure - 11.2 atm. absolute; steam pressure = 3.5 atm.
absolute.

Examination of the data in Table 5-37 reveals that while the A R values 
for Run 21 and 26B all cluster around a AR of zero, the Run 45 values 
(-39.0) is well below the others. Since this observed activity difference 
must be due to some change in the operating conditions, a study of the 
process variables should be beneficial in explaining the lower than ex­
pected equilibrium activity of Run 45. The particular process variables 
which could possibly have an effect on the acceptor activity are: (1) 
bed temperature of the gasifier and regenerator, (2) bed residence times 
in both vessels, (3) steam partial pressure, and (4) total pressure.
Early laboratory work has shown that the presence of other gaseous species 
such as CO, H2O, and N2 have no measureable effect on the acceptor activity 
pattern, hence these were not examined here.

Figure 5-20 is a plot of AR vs. each variable for the three Tymochtee 
dolomite-derived acceptor runs. The five scales at the bottom of the plot 
represent regenerator bed temperature, gasifier residence time, regenerator 
residence time, steam partial pressure, and gasifier bed temperature, res­
pectively. It is apparent from this plot that the regenerator bed tem­
peratures and the steam partial pressure are not correlated with AR in 
any recognizable manner. Alternatively, both bed residence times and the 
gasifier temperature seem to show a positive correlation with AR.

The relationship between the gasifier residence time and AR is as expected 
from laboratory experiments on cycling dolomitic acceptors in the cycle 
test unit (see Subsection 5.5.4). The carbonation of these acceptors 
follows a pattern of rapid initial rate to about 90% of the saturation 
value, followed by a much slower rate which continues to completion.
This trend is clearly borne out by the plant data in Figure 5-20.
Apparently the gasifier residence time of 12 minutes in Run 45 was still

* % make-up = lbs, freVh c¥ fed"^"??^ ~
lb. Ca circulated
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Run
21-1
21-u
21-III

26B-I
26B-II

2SB

33B
38C

39

40B
45

46C

* Basis:

Acceptor
Tymochtee
Bolomite

t

Rapid City 
Limestone

eq R *
Observed 
(Ca basis)

eq
Calculated
(Ca basis) AR+

0.320
0.343

0.319 i o

0.300
0.325
0.331

+ • o
+3,4
-9.4

0.364
0.392

0.336
0.336

+8.3
+16.7

0.132 0.144 -8.1

*

Tymochtee
Dolomite

Rapid City
Limestone

TGasifier “ 827°c

Regenerator = ^®D4°C

AtGasifier “ 30 “In
At„Regenerator ~ 50 lnin

0.142 0.144

0.160 0.145

0.220 0.158

0.218 0.216

0.150 0.246

0.105 0.107

*tot ~ ^1‘2 Atm 
PH2o = 3,5 Atm

AR+ = Obs Calc
Calc

x 100

+1.4

+10.1

+39.4

+9.0

-39.0

-2.0

Table 5-37. CALCULATED VS OBSERVED A
CTIVITY
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within the rapid initial phase of recarbonation, while the residence 
times in the other runs were sufficient to have passed this stage. The 
critical time for reaching this plateau region in actual plant operation 
can be estimated from Figure 5-20 to be about 13 minutes. Hence, for 
the use of dolomite-derived acceptor, gasifier bed residence times 
should be at least 13 minutes to ensure nearly complete recarbonation 
of the acceptor. Further increases above the critical 13 minutes would 
help to improve the activity, but to a much lesser extent. These con­
clusions are in total agrement with earlier predictions based on the lab­
oratory cycle tester data.

The explanation for the apparent correlation of activity with gasifier 
bed temperature is more complicated than for that of the gasifier resi­
dence time. One possible reason, decreased CO^ driving force (where 
the driving force is defined as the pressure or CO2 over and above the 
equilibrium partial pressure), is virtually eliminated by the data on 
driving force in Table 5-36. Although the CO2 pressure required for 
equilibrium was higher in Run 45, due to the higher gasifier temperature, 
the driving force is approximately the same as that in Run 26B, Hence, 
decreased driving force is probably not responsible for the observed 
trend. Perhaps the increased gasifier temperature enhanced the mobility 
of the calcium, as discussed in Subsection 5.5.4, resulting in a more 
rapid than normal rate of crystallite growth of CaO in the acceptor 
from Run 45, which would lead to the observed lower-than-anticipated 
activity for this run.

The data of Figure 5-20 also suggest a direct dependence of equilibrium 
activity on regenerator bed residence time. Such a phenomenon, if real, 
would be totally unexpected and could probably only be explained by a fail­
ure to fully calcine the circulating acceptor, which would allow a contin­
ued "soak" in CO2 as calcium carbonate. This could allow for a more rapid 
buildup of large CaC03 crystals, which when finally calcined would yield 
large inert calcium oxide crystals. However, a careful examination of 
the regenerator samples from Run 45 revealed no significant signs of 
undercalcination of these samples. More likely, this apparent correlation 
is fortuitous. Probably a combination of the low gasifier residence time 
and high gasifier temperature is responsible for the large negative AR.
The laboratory experiments on the effect of regenerator residence time on 
activity suggest a small effect and in the opposite direction (i.e., a 
shorter residence time in the regenerator should improve the equilibrium 
activity of the acceptor). The laboratory data on the effect of variables 
on acceptor activity are discussed more fully in Subsection 5.5.4.

5.5.2 LIMESTONE ACCEPTORS

Runs 28B, 33B, 38C, 39, 40B, and 46C in the pilot plant employed Rapid 
City limestone as the acceptor material. The complete set of operating 
conditions and activity data for each of these runs is given in Table 
5-36, and the comparison of calculated and observed activity is presented 
in Table 5-37.

The A R data in Tab 1e 5-37 clearly show that the activity of the acceptor 
in all the limestone acceptor runs except Run 39 are in good agreement 
with the predicted values. The activity of the Run 39 material, however, 
is quite a bit higher than anticipated from the laboratory correlation.
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A plot of the AR values vs. the process variables. Figure 5-21, fails 
to show any real trends which are able to explain the increased acceptor 
activity in this run. All the variables shown in this figure seem to 
be randomly distributed and appear to have little influence on the activity. 
This is in agreement with the cycle tester data on Rapid City limestone 
acceptors, which also suggest that each of these variables has little or 
no effect on the acceptor activity pattern.

There were two features unique to Rapid City Pilot Plant Run 39 which may 
have had an influence on the acceptor activity. First is the fact that 
Glenharold lignite, a high-sodium content North Dakota lignite, was used 
as the feed coal for this run. Since this was the only pilot plant run 
using this coal in which heat and material balance data were obtained, 
it is conceivable that something inherent in this coal, or more likely 
the ash from it, was responsible for the increased activity.

The other difference between Run 39 and the other limestone acceptor runs 
was that the steam pressure in the gasifier boot was reduced from the normal 
value of ''-'11.3 atm to ^8.8 atm. This was done in order to prevent transient 
melt formation and agglomeration of the acceptor (see Subsection 5.5.4 for a 
more detailed discussion of this problem). Although the steam partial pressure 
was lowered (by dilution with gasifier recycle gas), the total system 
pressure and C0? partial pressure were virtually unchanged at 11.6 and 0.23 
atm, respectively.

One plausible explanation for the higher than anticipated activity in Run 
39 is that even with the reduced steam partial pressure some melting may 
have occurred which possibly could have enhanced the formation of CaCOj.
This may be an indication that low melting liquid systems, which are created 
when high-sodium lignites are gasified, might be useful in maintaining higher 
acceptor activity levels.

Finally, another possible reason for the relatively high acceptor activity 
of Run 39 is enhanced particle shell formation. If the use of the Glenharold 
high-sodium content lignite speeded up the process of shell formation, and 
if the shell material contained a fair amount of active calcium (calcium 
present as CaO and not calcium silicates), then it is conceivable that 
the finely divided inert material in the shell may act in a manner similar 
to that of the MgO in the dolomite-derived acceptor. This is to say that 
the activity decline in the shell material would be slower than that of 
the acceptor interior because of the effect of the inerts on Ca mobility, 
as discussed in Subsection 5.5.4. Since the effect of ash could not be 
tested in the cycle test unit, the effect of shell formation was not ex­
amined in the laboratory and hence was not taken into account in the cor­
relations.

Run 46C was unique in its use of 12.6 atm total pressure versus the 11.6 
atm employed in all other runs. While the acceptor activity from this run 
is consistent with that predicted from the cycle tester data, it is interesting 
to note that the particle density (142/lb cu ft) is considerably higher than 
that of the other runs in which Rapid City limestone was used as the acceptor 
(ave = 117 lb.cu ft). Since increased acceptor density aids showering 
through the gasifier char bed, a relatively high acceptor particle density
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(such as that of the stone in Run 46C) is desirable. Hence, it could be 
beneficial to delineate the operating conditions in Run 46C which lead 
to the increased acceptor particle density.

Most likely, the increased total pressure and thus increased steam pressure 
in the gasifier (and particularly in the gasifier boot) led to a partial 
melting in the calcium oxide-calcium carbonate-calcium hydroxide ternary 
system, which resulted in the observed increased particle density. Micro­
scopic examination of the acceptor from this run suggest that melting may 
have occurred in the shells of these particles. The outer layers of acceptor 
particles from Run 46C appear to be much more dense than those from any 
other run. Furthermore, there appears to be little or no microcrystallinity 
associated with the shells of these acceptor particles, in marked contrast 
to all other spent acceptors studied.

The particle interiors, on the other hand, appear little different than those 
of all other acceptors studied. This suggests that whatever melting which 
may have occurred probably only affected the outer layers of the particles. 
Perhaps the increased ash content in the shells is more conducive to melt 
formation than are the less contaminated particle interiors. Probably, as 
is suspected for Run 39 acceptor, the activity of the shell material in 
which melt formation has occurred is higher than that of the interior; how­
ever, for the Run 46C stones the shells are so dense that they may have 
acted as a physical barrier to recarbonation of the particle interiors.
Hence, the shells may have been more active and the interiors less active 
than those of other acceptors, which may have led to an overall activity 
close to that predicted by the laboratory model data.

It is interesting to note that if partial melting of acceptor particles 
did occur during Run 46C, it did not lead to agglomeration of the particles 
in the gasifier boot. This is quite encouraging, as it suggests that the 
process may be operable under partial melt forming conditions even with 
natural limestone acceptors.

5.5.3 RECONSTITUTED ACCEPTORS

The final pilot plant run, Run 47B, was carried out using lime-rich mater­
ial (reconstituted from spent limestone acceptor) as the acceptor feedstock. 
This reconstituted acceptor material was prepared by slaking spent limestone 
acceptor from Runs 39, 40B, 42, and 43 to effect a removal of the silica 
rich shell material, followed by pelletizing the recovered slaked lime 
via the Dorr-Oliver fluosolids lime recovery process. The actual preparation 
of the reconstituted acceptor is fully described in Section 6 of this report.

The process variable and acceptor activity data for Run 47B are also 
presented in Table 5-36. The activity of the reconstitued acceptor during 
this run (0.091 on a calcium basis) is quite low. This low activity is 
undoubtedly due, in part, to the very high circulation rate employed for 
this run, which in turn led to a relatively low fresh acceptor make-up 
rate. This, of course, increases the average age of the circulating stone 
and hence yields a lower equilibrium activity.
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Due to the rather large variations in the composition of the recon­
stituted acceptor produced for this run, a direct comparison is un­
available with laboratory cycle tester data, as was done for the dolo­
mite and limestone acceptors, above. However, the pilot plant activity 
data for this run agree rather well with the laboratory data obtained 
from cycling individual reconstituted acceptors from various periods 
during the production run.

Aside from the rather low activity, the reconstituted acceptor seems 
to be a very suitable feedstock to the C0? acceptor process. The almost 
spherical particle shape is quite beneficial for maintaining high circulation 
rates. The relatively high particle density (142 Ibs/cubic ft) aids the 
showering of acceptor through the char bed in the gasifier.

A possible drawback to the use of reconstituted acceptors commercially 
is the extent of its reaction with ash; in other words, shell formation.
Shell formation was observed during Run 47B, but to a lesser extent than 
when limestone acceptors were used with the same coal (Velva lignite). 
Possibly the degree of shell formation will be low enough to permit the 
expected reconstitution and use of acceptors; however, more data are needed 
in this area.

5.5.4 FACTORS AFFECTING ACTIVITY

Several parameters which could have an influence on the performance of 
the various materials used as CO2 acceptors were examined. The variables 
studied for their effect on acceptor activity were (1) the bed temperatures 
of the gasifier and regenerator, (2) the total system pressure as well as 
the partial pressures of the various gaseous components, and (3) the coal 
used as feedstock in the process. These variables were studied by exam­
ination of the pilot plant run data and by various tests performed in the 
laboratory.

A considerable amount of work was also carried out to explore ways in which 
acceptor performance could be improved. This included such things as ac­
ceptor reconstitution, acceptor reactivation, and synthetic acceptor studies.

5.5.4.1 Laboratory Methods

5.5.4.1.1 Cycle Tester

The majority of the acceptor activity measurements and testing was carried 
out in an automatic cycle test unit. This unit consisted of a vertically 
suspended reactor 35 inches in length and 0.562 inch I.D. x 1.000 inch 
O.D., Type 316 stainless steel, medium-pressure tubing enclosed in a 
34 inch length of 1 inch. Schedule 40, Type 310 stainless steel pipe.
The reactor was closed at the top with a high-pressure tee and at the 
bottom by a high-pressure elbow.

The two temperature zones (gasifier and regenerator), with centers located 
12 inches apart, were heated via helically wound resistance heaters which 
were independently controlled with temperature indicated controllers at
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the desired temperature. The temperature along the length of the reactor 
was monitored via ten thermocouples attached to the outer walls. The temp­
erature of each zone was normally controlled by the external thermocouple 
in the center of each 6-inch zone; however, when the sample was in either 
the high or low temperature zone, the temperature of that zone was con­
trolled internally by the sample thermocouple.

The sample was raised and lowered between the two temperature zones by 
means of a pneumatically operated hydraulic piston with a 12-inch stroke. 
The operation of the piston as well as the gas flow and pneumatic valves 
was controlled by an automatic cycle timing clock.

The sample holder consisted of a Type 310 stainless steel frame and a 
48 mesh stainless basket which held approximately 1 gm of acceptor sample. 
The holder unscrewed at the top to permit easy filling and replacement of 
the basket. The sample holder assembly was welded to a 1/4-inch Type 
310 stainless steel tube which acted as a thermowell for the sample thermo­
couple, which was inserted into the sample through a hole in the top of 
the basket, as well as the pushrod for the hydraulic piston. The sample 
holder/thermowell/pushrod was sealed via a packing gland at the top of 
the reactor and a lava seal in the pushrod handle.

The assembly drawings for the reactor and sample holder are shown in Fig­
ures 5-22 and 5-23, while Figure 5-24 is a flow diagram for the operation 
of the entire cycle test unit.

A typical run in the cycle tester was carried out in the following manner: 
Approximately 1 gram of the material to be tested (normally sized 10 x 14 
Tyler mesh) was weighed into the sample holder. The sample holder was 
then attached to the thermowell-pushrod and secured in the preheated re­
actor with the sample at the topmost (ie.e, coolest) position. The system 
was then pressurized in a carbon dioxide atmosphere. Finally, the run was 
begun by lowering the sample into the calcination (hot) zone and starting 
the timing sequence.

Upon initiation of a cycle the sample was held in the calcination zone of 
the reactor until the sample temperature had equilibrated at the desired 
calcination temperature, at which time the carbon dioxide flow was turned 
off and the calcination gas mixture was switched on. After a preprogrammed 
purge period, the calcination half-cycle timing was begun. The calcining 
conditions were maintained for the desired time interval, at the conclusion 
of which nitrogen gas was substituted for the calcination gas mixture.

The system was purged with nitrogen, then the sample was raised to the 
cooler recarbonation zone of the reactor. Upon equilibration of the 
sample at the desired recarbonation temperature, the nitrogen flow was 
stopped and the carbonation gas mixture (saturated with the desired steam 
content) was directed into the reactor. The sample was maintained at the 
desired recarbonation conditions for the desired time interval, after which 
a flow of CC>2 gas was substituted for the carbonation gas mixture flow. 
After a 1-minute purge, the recarbonated sample was again lowered into the 
calcination zone and the cycle was repeated.
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The sample activity could be measured at the conclusion of any cycle.
The in-situ activity assay was accomplished in the following manner:
When a cycle was completed, the sample was raised into the cool (✓--'400 F) 
uppermost section of the reactor where it was allowed to cool in an atmos­
phere of CC>2 gas. After the sample had cooled, the whole system (exclusive 
of the saturator, which was isolated by a double valve) was evacuated and 
purged with nitrogen gas. This procedure was repeated three times to ensure 
that all traces of CO-? had been removed. A preweighed bulb filled with 
ascarite, in series with a bulb of magnesium perchlorate, was connected to 
the system downstream of the reactor. After 15 minutes of nitrogen purge, 
the ascarite bulb was weighed to be sure no trace of CO2 remained in the 
system. The assay was completed by lowering the sample into the calcination 
zone and collecting quantitatively in the ascarite bulb the CO2 evolved.
This method permitted continuous monitoring of the sample activity and 
avoided the possible effects of air-slaking during the sample handling, 
which otherwise would have been required.

5.5.4.1.2 Calculation of Equilibrium Acceptor Activity

The activity data obtained from runs in the automatic cycle tester were 
used to generate plots of activity vs. number of cycles, which in turn 
demonstrated the activity pattern for a given acceptor under a specified 
set of conditions. In general, log-log plots of this data yielded one or 
two straight lines, the equations for which could be used to describe the 
acceptor activity under the prescribed conditions.

With equations for activity and hence a knowledge of the cycle-by-cycle 
activity pattern for a given acceptor under a specified set of conditions, 
it is possible to calculate the equilibrium activity of an acceptor in a 
system where fresh make-up acceptor is added to and circulated acceptor 
removed from the system at a known rate. A computer program was written 
which calculated the fraction of the circulating acceptor which had been 
exposed to N cycles (N-l, N-2 etc.) down to the fraction that had just 
been added (i.e., the make-up fraction), where N was chosen large enough 
that the activity (when calculated to five decimal places) did not change 
between the N-10 and N+10 cycles.

After calculating these fractions, the program then summed the products 
of each fraction times the calculated activity for the number of cycles 
of that fraction. This sum is the mean activity of the circulated acceptor 
and, at a sufficiently large number of cycles, represents the equilibrium 
activity (i.e., the point where the removal of a portion of the circulating 
acceptor and addition of an equal quantity of fresh acceptor does not change 
the measured activity of the circulating inventory). In general, as was 
discussed in Subsections 5.5.1 through 5.5.3, the predicted equilibrium 
activities match the pilot plant data fairly accurately.

5.5.4.1.3 SEM-X-Ray Studies

A great deal of information on acceptor activity was obtained through the 
use of various microscopic and x-ray techniques. The physical and chemical 
examination of spent acceptors from the pilot plant gave a valuable insight 
into such things as the mechanism of deactivation and the properties of shell 
formation.
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The most valuable techniques employed were the combination of scanning 
electron microscope (SEM) coupled with an energy dispersive x-ray analy­
sis system and the Electron Microprobe-wave length dispersive x-ray sys­
tem. These both provided much information on acceptor microstructure, 
crystallite size, and chemical makeup. X-ray diffraction studies were 
quite useful for the determination of the mineralogic species present 
in the various materials studied. This technique was especially valuable 
for determining the makeup of shells which formed on the acceptor parti­
cles during their circulation in the pilot plant.

Acceptor samples were prepared for SEM and microprobe examination by mount­
ing a freshly broken particle on an aluminum sample holder with a conduct­
ing cement. The mounted particles were then either loaded directly into 
the vacuum chamber of the instrument or coated with a conducting layer (usu­
ally sputtered gold) and then loaded into the microscope. The individual 
particles were scanned until the desired features and details were seen; 
then, photomicrographs were taken of the area being examined. Finally, if 
desired, x-ray images of the area were photographed.

5.5.4.2 Crystallite Size vs. Acceptor Activity

The single most important reason for the decline in acceptor activity upon 
cycling in the pilot plant is the growth of large, relatively inert CaO 
crystals. The tremendous growth of CaO crystallites is clearly shown in 
the photomicrographs of Figures 5-25 and 5-26. These are comparisons be­
tween freshly calcined dolomite (Figure 5-25A) and spent dolomite-derived 
(Figure 5-25B) acceptor and a similar comparison for limestone acceptors 
(Figures 5-26A and 5-26B). The "before-and-after" nature of these pictures 
is quite revealing of the extent of crystallite growth which occurs during 
acceptor cycling in the pilot plant. It also should be noted that approxi­
mately the same degree of crystallite growth was observed in acceptors 
which were cycled in the automatic cycle test unit under simulated pilot 
plant conditions.

It should be pointed out that the rate of CaO crystallite growth is much 
more rapid in the limestone acceptors than in those derived from dolomite. 
This fact undoubtedly explains the slower rate of activity decline which is 
observed for dolomite-derived acceptor as compared to the limestone accep­
tors. Also of interest is the fact that while such spectacular growth of 
the CaO occurs in the dolomite-derived acceptors, the crystal size of the 
magnesium oxide is almost unchanged (Figure 5-25).

The fact that the calcium crystals grow to much larger sizes than the mag­
nesium is somewhat surprising and indicates that the calcium ions in the 
dolomite-derived acceptor are considerably more mobile than the magnesium 
ions. A possible reason for increased calcium mobility may be the cyclical 
change of its chemical state during use in the CO2 acceptor process. The 
result of periodic calcination-recarbonation may be the enhanced clumping 
together of the calcium while the relatively inert MgO remains essentially 
fixed in its original position.
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■ 2 M
5-25A. FRESH ACCEPTOR

5-25B. SPENT ACCEPTOR

Figure 5-25. FRESH AND SPENT DOLOMITE - DERIVED ACCEPTOR (5000X)
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Figure 5-26. FRESH AND SPENT LIMESTONE ACCEPTOR (1000X)
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Microscopic examination of the calcium-bearing phases in the interior 
of these acceptor particles has revealed a possible mechanism for the 
growth of the CaO crystallites. Apparently if calcium oxide crystals 
are located within a certain minimum distance from each other, they are 
able to form a single calcium carbonate crystal upon exposure to carbonate 
forming conditions. The interparticle bridge or "necks" formed via this 
recarbonation mechanism remain fixed upon calcination and continue to grow 
in size with each recarbonation-calcination cycle, finally resulting in 
the massive crystals observed in interiors of the spent acceptor particles.

The effect of this crystallite size growth on acceptor activity is, of course, 
very adverse. As the particle dimensions increase, the kinetics of car­
bonation become increasingly slower. This is due mainly to poor diffusion 
of C0? through the surface layer of CaCO which builds up initially on the 
CaO crystal surface. Due to the larger molecular volume of the CaCOj as 
compared to that of CaO, a higher density outer shell of CaCOj forms on the 
large CaO crystals, which inhibits further CO2 diffusion and CaC03 formation; 
hence, the acceptor activity declines.

Figure 5-27A shows a broken surface of a spent limestone acceptor particle 
taken from the gasifier boot of the Rapid City pilot plant. The accompanying 
x-ray image (Figure 5-27B) shows the distribution of carbon in this "recar­
bonated" acceptor. The carbon (and hence, implied carbonate) buildup on 
the crystal surfaces is quite evident, as is the lack of significant car­
bonate in the crystallite interior. The size of the CaCO-j layer on the 
CaO crystals of this micrograph suggest that when the calcium oxide crystals 
reach a size of 5 f* ( twice the CaCO^ layer thickness observed) or 
larger, significant inhibition of recarbonation (hence, loss of activity) 
will occur.

This crystal growth via carbonate linkage formation may also help explain 
the slower decay in activity which was observed for dolomite-derived 
acceptors in the pilot plant. In dolomite-derived acceptors the MgO acts 
as a diluent for the CaO + CaCO^ and must, at least to some extent, inhibit 
the mobility of the calcium crystallites. Hence, in dolomite-derived 
material the MgO inhibits the clumping together of the calcium during re­
carbonation and therefore retards the decay of acceptor activity.

The main conclusion of this work is that the observed activity loss for 
all acceptors in the CO2 acceptor process is, for the most part, due to 
the crystallite size growth phenomenon.

5.5.4.3 Acceptor-Shell Formation

Early in the pilot plant program, it became apparent that "shells" of vary­
ing thickness were forming on the circulated acceptor particles. These 
shells were formed on both limestone and dolomite-derived acceptor and were 
present, to some degree, in every pilot plant run. The formation of the 
shells was definitely correlated with acceptor age, with the buildup ap­
parently continuing throughout the life of the acceptor particles. The 
shell buildup was certainly dependent upon the particular carbon source 
(i.e., coal) employed and was almost nonexistent when subbituminous coal 
or Texas lignite was the feed material to the gasifier.
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Figure 5-27. INTERIOR OF RECARBONATED LIMESTONE ACCEPTOR (1000X)



The micrographs in Figure 5-28 are representative of "old" acceptor parti­
cles from RCPP runs where Velva lignite was used as the feedstock. Figure 
5-28A, with a magnification of 100X, shows three important features of 
these acceptors: First is the smooth particle surface, which is quite 
thin (1 micron thickness) and appears to have been at least partially an­
nealed. This type of smooth exterior is typical of all limestone acceptors 
used in runs with Velva lignite. The next feature, as one looks inward 
from the surface, is the particle shell. The shells of these accepters are 
relatively fine grained and composed mainly of lime (CaO), with measurable 
amount of periclase (MgO), mayenite 12 CaO-7 AI2O3), and spurrite 
(Ca5Si20gC03). Figure 5-28B, at 200X magnification, also shows the rela­
tively fine grained shell structure. The final gross textural feature of 
these acceptor particles is the interior. Seen in all three of the Figure 
5-28 views, it is apparent that the particle interior is much coarser 
grained than the shell material. The large dimensions of the crystallites, 
almost entirely CaO, in the particle interior is probably responsible for 
the low activity of cycled limestone acceptors. It is interesting to note 
that although the shell material contains a lower percentage of calcium 
than the particle interior, the activity of the two materials are about 
equal. This is probably due to the finer grain size of the shell material, 
which would allow for better carbonation kinetics than the coarse grained 
interior.

The three micrographs in Figure 5-29 are of acceptor from RCPP Run 36, in 
which the high-sodium, Glenharold lignite was the carbon source. In Run 
36, as in all the Glenharold lignite test runs prior to Run 39, the accep­
tor showed a strong tendency to agglomerate in the gasifier boot. Super­
ficial examination of these agglomerates suggested that a partial melting 
of the shells had occurred, which led to particle agglomeration in the 
boot. Figure 5-29B, which shows the surface of a Run 36 acceptor particle, 
confirms this melting hypothesis. The surfaces of all the Run 36 acceptor 
particles examined on the SEM appear to have been at least partially molten 
at some time in their history.

The most likely reason for melting of the acceptor shells when high-sodium 
content lignite was used is a slightly different shell composition, caused 
by differences in the composition of the Velva and Glenharold lignite ash 
from which the shells presumably derive. A series of experiments were car­
ried out to determine what combinations of boot temperature and gas composi­
tion (if any) would permit circulation of this acceptor without agglomera­
tion. Table 5-38 presents a summary of the data obtained in these experi­
ments for temperatures of 1400 F, 1450 F, and 1500 F and steam partial pres­
sures of 9, 10, and 11 atm. For comparison, samples of RCPP Run 33B (Velva 
lignite feed) acceptor were also tested and the results of this work are 
presented in Table 5-39.

The data obtained in the above experiments suggest that lowering the partial 
pressure of steam to at most 10 atm or raising the temperature over 1500 F 
would probably eliminate the acceptor agglomeration problem when high-sodium 
lignite is used as the feedstock. This hypothesis was tested and confirmed 
by RCPP Run 39 in which Glenharold lignite was gasified with a reduced steam 
partial pressure in the boot. No acceptor agglomeration was observed in 
about seven days of operation of this run.

167



PARTICLE

5-28A.

EXTERIOR

SHELL 100 M INTERIOR 5-28B. SHELL '50 V

AO M
5-28C. INTERIOR

INTERIOR

Figure 5-28. RCPP RUN 33B CYCLED LIMESTONE*ACCEPTOR
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Figure 5-29. RCPP RUN 36 CYCLED LIMESTONE ACCEPTOR - 250X
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Temperature, °F
1400
1450

1500

pH20 (Atm)
9 To
0
+ O’

Nominal RCPP 
Boot Conditions

+ + 0

Table 5-38. EFFECT OF STEAM PARTIAL PRESSURE AND TEMPERATURE 
ON AGGLOMERATION OF RCPP - RUN 36 ACCEPTOR*

ph2o (Atm)
9 10 11

Temperature, °F
1400 + + -
1450 + + 0
1500 + + +

* + = Little or no agglomeration.
0 = Some tenuous agglomerates formed.
- = Sample mostly glued up - almost totally agglomerated.

Table 5-39. EFFECT OF STEAM PARTIAL PRESSURE AND TEMPERATURE 
ON AGGLOMERATION OF RCPP - RUN 33B ACCEPTOR*
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The two remaining pictures in Figure 5-29 show the similarities between 
the Run 36 and 33B acceptors. Figure 5-29A shows the more dense, finer 
grained shell structure which was also seen in Figure 5-28B for the Run 
33B sample, while Figure 5-29C shows the coarse grained-large pore size 
interior which is quite similar to the particle interiors observed for 
Run 33B acceptor in Figures 5-28B and 5-28C. Hence, the only structural 
difference seen in the two acceptors is the outermost layer of shell which 
appears to have been melted in the Run 36 acceptor.

X-ray diffraction studies of the Run 36 acceptor shells revealed the pres­
ence of the same minerals that were found in the Run 33B material, in about 
the same proportion. Further, no sodium bearing minerals were detected in 
either the x-ray diffraction study or in the microprobe work, although a 
rather thorough search for sodium was conducted. This result was somewhat 
surprising and implied that some property of the Glenharold lignite ash, 
other than its high-sodium content, may have been responsible for the 
observed acceptor agglomeration differences between the Run 33B and Run 36 
acceptors. However, chemical analyses of the acceptor from Runs 33B and 
36 showed that the latter consistently contained more sodium than the former. 
Probably, use of the higher-resolution electron microprobe instead of the 
SEM for the study of the Run 36 acceptor material also would have shown the 
presence of sodium in the particle shells.

Additionally, more low melting point, sodium-bearing compounds may have been 
present on the particle surfaces. These compounds may have melted under the 
high steam pressures in the gasifier boot and then been volatilized in the 
regenerator on each successive cycle. This could explain both the melted 
appearance of the surface and relatively low sodium content of the shell 
material.

The three photo micrographs in Figure 5-30 are of cycled acceptor from 
RCPP Run 38A. Wyodak subbituminous coal was used as the carbon source in 
this run, and the acceptor particle density remained quite low throughout 
the run (and in subsequent runs with this feed coal).

Under microscopic examination the reason for the low density became apparent; 
however, the cause is still uncertain. The outstanding microscopic dif­
ference between acceptor from Run 38A and Run 33B is the almost complete 
lack of shell in the Run 38A material. It is known from all the microscopic 
studies made on RCPP cycled limestone acceptors that the shell material is 
finer grained and less macroporous than the particle interiors (see Figures 
5-28 and 5-29); hence, the density of this material is probably higher than 
that of the interior. It is concluded, therefore, that the low particle 
density of the Run 38A acceptor is directly attributable to the lack of 
shells in these particles.

The reason for the observed lack of shells on the Run 38A acceptor is 
unknown. Acceptor shells are believed to be a reaction product of the 
calcium in the acceptor and the coal ash; hence, since the limestone used 
as acceptor was the same for all runs, the failure to form shells on Run 
38A acceptor is probably due to some difference between lignite and sub- 
bituminous coal ash.
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Figure 5-30. RCPB RUN 38A CYCLED LIMESTONE ACCEPTOR
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The lack of shell seems to be the only structural difference between 
the Run 38A and Run 33B acceptor. Figures 5-30A and 5-30C show the 
outer surface of the Run 38A material to be quite similar to the surfaces 
of the Run 33B acceptor [Figure 9A), as are the particle interiors (Figure 
5-30B vs. Figures 5-28B and 5-28C.

The microstructure of spent dolomite-derived acceptor is quite similar 
to that of the limestone acceptors. The shells of the two are visually 
very hard to distinguish from each other, as are the particle surfaces.
The x-ray microprobe reveals the fact that the magnesium content of the 
shells of dolomite-derived acceptor contain more magnesium than the limestone 
acceptor shell. However, the calcium-to-magnesium ratio in the shells of 
dolomite-derived acceptor is higher than that of the interior. This may 
be due to either of two reasons and more likely to a combination of both.
The ash, which presumably reacts with the lime in the acceptor to form the 
shell, has a greater Ca/Mg ratio than dolomite; hence, the Ca/Mg ratio in 
shell is higher than in the particle interior. Secondly, the greater 
mobility of the calcium, as discussed earlier, may permit a gradual dif­
fusion of Ca from the particle interior to the surface where it reacts 
with the ash to form the shells.

5.5.4.4 Effect of Process Variables on Acceptor Activity

A study of the effect of process variables on the acceptor activity was 
initially undertaken in order to see what changes could be made (if any) 
in the pilot plant operation to increase the acceptor equilibrium activity.
Any modification of the process operation which could yield increased 
acceptor activity would be economically desirable, due to the reduction in 
fresh acceptor makeup which would be possible under those circumstances.

The effect of the partial pressure of steam, CC^j N2, CO, and H2 on 
activity as well as that of particle size were determined in the following 
manner: Approximately 0.5 gm of acceptor was assayed for activity in the 
thermobalance, then loaded into the sample holder and placed into the "cool"
( <1000 F) top zone of the continuous cycle tester. The cycle tester was 
then brough up to the desired operating pressure and the cycle was begun.
In all the experiments described here, the initial part of the cycle consisted of a calcining step at 1840°F (1004°C) in a mixture of 19.3% CCL and 80.7%
n2.

Upon completion of the calcination step, the sample was raised into the "gasifier" zone of the cycle tester and held there at 1520 F (827°C) in 
the presence of the preselected gas mixture for the desired length of time.

Most samples were run for only one cycle, however, when more than one cycle 
was desired the sample was simply raised and lowered between the regenerator 
and gasifier zones.

As soon as possible after each run the sample was assayed for activity 
by calcination in the thermobalance.
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Five runs (1-5, Table 5-40) were made to determine the effect of P^ ^ on
the acceptor activity. The acceptor used in these runs was the 8 x^lO 
mesh fraction of a sample taken from the gasifier boot at Rapid City 
during Run 19 in July, 1974. All five units were made at nominally the 
same conditions, with the exception of the partial pressure of steam 
(from 1 to 10 atm) and the total pressure (2 to 11 atm).

5.5.4.4.1 Effect of Steam Partial Pressure on Activity

A plot (Figure 5-31) of PH Q vs. increase in activity, AR, shows that 
up to about 5 atm of H^O tie degree of reactivation strongly depends on 
the steam pressure. However, above this pressure little or no increase 
in AR is observed with increasing P., „.

h2°
5.5.4.4.2 Effect of Partial Pressures of CO^ and Other Gases on Activity

A comparison of the activities of samples run at 0.43 and 1.12 atm of 
C02 (Runs 6 and 7, Table 5-40) indicate that the partial pressure of CO2 

has little or no effect on the activity as long as the Pco2 is significant­
ly higher than the required driving force ('*■-'0.35 atm at 1520UF).
The larger AR in Run 7 is probably due to the higher PH 0 (3.6 atm vs.
2.9 atm). 2

Runs 1 and 8-10 (Table 5-40) were conducted to check what effect, if any, 
the presence of the gases other than I^Q and C02> which are present in the 
gasifier at Rapid City, would have on the degree of reactiviation. These 
data show that N2 alone has no effect on reactivation, while the presence 
of CO and H2 may slightly enhance the acceptor activity. These data also 
are plotted on Figure 5-31.

5.5.4.4.3 Effect of Particle Size on Activity

Runs 11-16 of Table 5-40 were made specifially to determine the effect of 
particle size on the degree of reactivation. An aliquot of hand-picked 
"old" stones from the gasifier boot in RCPP Run 19 was crushed in a 
mortar and pestle and separated into the size fractions indicated. Each 
size fraction, together with the original 8 x 10 starting material, was 
treated in the cycle tester under nominally the same conditions of tem­
perature, pressure, and gas composition.

From a plot of AR vs. size (Figure 5-32) of these data, one finds 
that the smaller size fractions are more fully reactivated than the larger 
sizes, indicating that the reactivation process probably is diffusion 
controlled.

Similar conclusions are drawn from the data of Runs 17 and 18 with an 
8 x 10 RCPP acceptor and the same stone ground to -200 mesh, and from 
Runs 19-21 where dead burned dolomite, ground to -270 mesh, was actually 
recarbonated to a higher degree than the equilibrium recarbonation ratio of 
RCPP acceptor. These experiments indicate that a large increase in surface 
area can be obtained by physically grinding spent dolomite; a fact which 
was confirmed by surface area measurements which show an increase of from 
0.3 nr/g to 1.4 m2/g going from 28 x 65 mesh to -270 mesh.
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Regenerator_____  ________ ______ Cssifteir_________________ Cycle
Etm
Ho. Sample lofornation Psig (Atm)

BOOgAtm ps2
Atm

rsm.,
“F PmAtm fH,Atm %*0Atm PC0*Atm Atm

Temp.,
°W

Time,
min

Ho. of 
Cycles RInitial EFln«l* AR

1 4476 Acceptor, Rsm 
8 z lO mesh

19 51.5 (4.5) 0.87 3.63 1840 0.0 0.0 3.48 1.02 0.0 IS20 120 1 0.322 0.537 .215
2 4476 Acceptor, Rsm

8 x lO me ah
19 73.5 (6.0) 1.16 4.84 0.0 0.0 5.03 0.97 0.0 120 1 0.240 0.557 .317

3 4476 Acceptor, Bun 
8 z lO mesh

19 110.2 (8.5) 1.64 6.86 0.0 0.0 7.25 S.25 0.0 120 1 0.244 0.529 .285
4 4476 Acc^>torc Bun

8 x lO ffiesk
19 147 (11.0) 2.12 8.68 0.0 0.0 10.01 1,00 0.0 120 1 0.253 0.552 .299

5 4476 Acceptor, Run 
8 x 20 w&m

19 15 (2.0) 0.39 1.63 0.0 0.0 1.07 0.94 0.0 12© 1 0.217 0.320 .103

6 3911 "oliT, Run 18
8 x 10 Esesfc

44.1 (4.0) 0.77 3.23 0.0 0.0 2.88 1.12 0.0 @0 1 0.100 0.157 .057

7 3911 Bus 28
8 x 10

44.1 (4.0) 0.77 3.23 0.0 0.0 3.58 0.43 0.0 60 1 0.062 0.160 .038

8 4476 Acceptor, Run
8 x 10

19 66.2 (5.5) 1.06 4.44 0.0 0.0 3.46 1.02 1.02 120 1 0.307 0.522 .215

9 4476 Acceptor, Run
8 X 20 &es&

19 80. S (6.5) 1.26 £..24 0.46 1.44 3.56 1.05 0.0 120 1 0.244 0.516 .272

10 4476 Acceptor, Run 
8 x 10 aeab

19 95.5 (7.5) 1.45 6.05 0.42 2.34 3.SS G.98 1.40 120 1 0.242 0.497 .255

11 4476 CTo2dw, Run 19 
8 x lO meals

51.5 (4.5) 0.87 3,63 0.0 0.0 3.51 1.00 0.0 12© 1 0.114 0.306 .192

12 4476 "old", Rim 19
65 x 100

51.5 (4.5) 0.87 3.63 0.0 0.0 3.50 1.00 0.0 120 1 0.095 0.243 .148

13 4476 “old", Hoa 19
100 X ISO mesb

51.5 (4.5) 0.87 3.83 0.0 0.0 3.53 0.97 0.0 120 1 0.143 0.391 .248

14 4476 •'old'’. Run 19 
150 x 200 asesfe

51.5 (4.5) 0.87 3.63 0.0 0.0 3.61 0.89 0.0 120 1 0.160 0.453 .293

15 4476 "old". Bun 19 
200 x 270 sues*

51.5 (4.5) 0.87 3.63 0.0 0.0 3.5© 1.00 0.0 120 1 0.210 0.535 .325

16 4476 “old**. Run 19 -270 mesh
51.5 (4.5) 0.87 3.36 0.0 0.0 3.53 0.97 0.0 120 1 0.230 0.601 .371

17 3911 w©Id*% Rim 18 
8 x 10 Esesls

150 (11.2) 2.16 9.04 0.87 5.12 3.37 0.56 1.29 60 1 0.137 0.179 .042

18 Same as above 
---Zm mesh

ISO (11.2) 2.16 9.04 0.86 5.10 3.43 0.55 1.28 so 1 0.179 0.333 .154

19 Oe&d Burned Bolosiite28 x @5 Bjesh
150 (11.2) 2.16 9.04 0.83 5.01 3.56 0.56 1.26 60 1 0.002 0.022 .020

20 Same as sSjove 
-270 mesh

150 (11.2) 2.16 9.04 0.94 5.29 3.10 0.53 1.33 60 1 0.002 0.356 .354

21 Same as abo^e 150 (11.2) 2.16 9.0$ 0.95 5.31 0.53 1.34 60 5 0.002 0.325 .323
-270 aesb 

* Oa Ca basis.

Table 5-40. SUMMARY OF CONTINUOUS CYCLE TESTER RUNS
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Figure 5-32. ACCEPTOR ACTIVITY INCREASE VS. SIZE



Also, the reactivation of dead-burned dolomite is not transitory, as 
indicated by sustained activity after five cycles (Run 21).

5.5.4.4.4 Effect of Bed Residence Times on Activity Patterns

The procedures for making cyclic runs in the automatic cycle tester have 
been described earlier in this report. Approximately 1 gram of the acceptor 
being examined was loaded into the unit via the sample holder assembly and 
the run was begun. All activity assays, except the final one for each run, 
were carried out in situ. The final assay for each run was done in the 
thermobalance.

The composition of the feed gas for the regeneration and gasification 
parts of the cycle was kept as constant as possible for this series of 
runs, and closely approximate the gas compositions in the vessels at the 
pilot plant. All runs reported here were made with a gasifier temperature 
of 1520 F and a regenerator temperature of 1840 F. The only significant 
differences between run conditions were the residence times in the different 
parts of the cycle.

5.5.4.4.5 Effect of Regenerator Residence Times

The gasifier residence time for each run in this series of experiments 
was held constant at 30 minutes, which was the nominal residence time 
in the gasifier and boot at the Rapid City Pilot Plant. Runs were made 
using both Tymochtee No. 11 dolomite and Rapid City limestone at both 
50 minutes regeneration time and 10 minutes regeneration time per cycle.

For all runs made with 10-minute regeneration times, the flow rate of 
the calcination gas mixture was tripled to ensure an adequate flushing 
of carbonation gas prior to calcination. Runs No. 1 and 2, Table 5-41, 
give the data from the experiments on Tymochtee No. 11 dolomite, and Runs 
6 and 7, Table 5-41, are the same experiments using Rapid City limestone 
as the acceptor. The activities shown in Table 5-41 are the Ca basis 
recarbonation ratios.

A cycle-by-cycle comparison of the activity data given in Runs 1 and 2 
show a consistently higher acceptor activity in Run 2, where the regenerator 
residence time is five-fold shorter. This difference is even more apparent 
in Figure 5-33, which shows a comparison of the activity patterns for the 
two runs.

The magnitude of the effect of reducing the regenerator residence time 
in the pilot plant can perhaps best be demonstrated by a comparison of 
equilibrium activity obtained for a given make-up rate of fresh acceptor.
The method for calculating equilibrium activity was described earlier in 
Subsection 5.5.4.1.2. The equations obtained from the data to represent 
the activity of a dolomitic acceptor at any given cycle are:

R = 0.77 n”0'2266 for N = 1 to 19 cycles

and R = 2.25 N~0,5888 for N > 19 cycles
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Sample
Cycle*

Time (rain) No. of Cycles
Activity'

(R)
Tymochtee No. 11 80 1 0.765

Dolomite (50/30) 15 0.409
10 x 14 M 18 0.398

30 0.313
32 0.393
44 0.262
47 0.236
62 0.201
91 0.104
94 0.142

106 0.137
109 0.114

Tymochtee No. 11 40 1 0.787
Dolomite (10/30) 5 0.644
10 x 14 M 22 0.472

28 0.485
54 0.288

107 0.242
113 0.255
135 0.329
141 0.231

Tymochtee No. 11 60 1 0.947
Dolomite (10/50) 2 0.820
10 x 14 M 17 0.834

21 0.827
36 0.629
40 0.553
55 0.367
58 0.338
73 0.254
77 0.272

Tymochtee No. 11 60 1 0.838
Dolomite (10/50) 2 0.783
10 x 14 M 18 0.755

21 0.766
37 0.518
40 0.414
55 0.315
59 0.249
61 0.308

Rapid City 80 1 0.732
Limestone (50/30) 2 0.409
20 x 28 M 13 0.174

16 0.160
28 0.156
31 0.186
42 0.091
45 0.161

Table 5-41. ACCEPTOR ACTIVITY DATA
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Run No. Sample
Cycle41'

Time (min) No. of Cycles
Activity'

(R)
6 Rapid City 40 1 0.685

Limestone (10/30) 4 0.355
20 x 28 M 26 0, 15 9

31 0.178
45 0.119
68 0.124
73 0.088
94 0.084
99 0.055

7 Rapid City 80 1 0.425
Limestone (50/30) 2 0.313
20 x 28 M 14 0.236

* The first number under cycle time is the total time for a cycle; the numbers 
in parentheses are the regenerator and gasifier residence times, respectively.

Activities on Calcium Basis - see text.

Note:
The following conditions were characteristic of all Runs:

Total P - 150 psig = 11.2 Atm

Gasifier Regenerator
PC02 (Atm) 0.70 2.45

%2 <Atm> 1.36 8.75

PH2 (Atm) 4.65 —

pH20 (Atm) 3.50 —

PCO (Atm) 0.99 —

T (°F) 1520 1840

Table 5-41. ACCEPTOR ACTIVITY DATA (continued)
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0.09

0.08 T-11 (10/50) Runs 3 & 4

T-ll = Tymochtee No. 11 Dolomite 
RCLS = Rapid City Limestone 

(10/50) Regenerator Time (min) 
Gasifier Time (min)

0.07

0.06
T-ll (10/30) Run 2

0.05

0.04

T-ll (50/30) 
V. Run 10.03

0.02

RCLS (10/30 &
__  50/30) Runs 5 & 6

0.01

Number of Cycles (N)

Figure 5-33. ACTIVITY PATTERN OF VARIOUS ACCEPTORS AT DIFFERENT CYCLE TIMES



for 50-minute regeneration time and 30-minute gasifier time, and
R = 0.79 N“0,1195 for N = 1 to 17 cycles

and R = 1.89 N for N >17 cycles

for 10-minute regenerator time and 30-minute gasifier time, where R is 
the activity and N is the number of cycles.

Table 5-42 shows a comparison of the expected equilibrium activity for 
each of the above conditions at various make-up rates between 0.25 and 3%. 
These data indicate that only about 35 to 40% as much fresh stone is needed 
to maintain the same equilibrium activity when a retention time of 10 min­
utes is used in regeneration as opposed to 50 minutes. Such a reduction in 
make-up requirements would represent a significant savings in the operating 
costs of a CO2 acceptor gasification plant.

Runs 5 and 6 (Table 5-41) were carried out using Rapid City limestone as 
the CO2 acceptor. These funs were made with cycle times of 50-minute re- 
generation/30-minute recarbonation and 10-minute regeneration/30-minute 
recarbonation, respectively, A cycle-by-cycle comparison of activity of 
the two runs shows little ox no difference between the activity pattern of 
the two runs, and their combined data yield the single curve for the lime­
stone shown in Figure 5-33.

The activity of the limestone acceptor is considerably lower than that of 
dolomite-derived acceptor. This is especially true for a comparison such 
as the one in Figure 5-33, which is based on the molar ratio of CO2 ab­
sorbed to Ca present.

Perhaps the more realistic way to compare limestone and dolomite activities 
is to base the activities on the ratio of CO2 absorbed to the weight of 
acceptor. On this basis, the limestone gains about a factor of 2 over the 
dolomite, because of its much higher Ca content. When compared in this way, 
the limestone activity moves closer to that of the dolomitic acceptor; how­
ever, it is still slightly lower than that of the dolomite runs.

5.5.4.4.6 Effect of Gasifier Residence Times

Runs 3 and 4, Table 5-41, were made in order to test the effect of gasifier 
residence time on acceptor activity. In these runs, the regeneration cycle 
time was held constant at 10 minutes and the gasifier residence time was 
increased to 50 minutes from the 30 minutes of Runs 1 and 2.

The activity pattern demonstrated by these runs, Figure 5-33 is quite 
different from either that of Runs 1 or 2 above,. Here the activity shows 
a slow decline out to about 40 cycles, followed by a rapid activity loss 
similar to the initial few cycles of the other runs. The reason for this 
trend remains a mystery and will not be discussed further herein.
The best fit equations for these data, as explained earlier, are:

-0 0735R = 0.94 N u*u/" for N < 31 cycles
and R = 41.0934 N-1,1733 for N > 31 cycles
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which clearly show the steep drop in activity in the later stages of 
the run. As might be expected from a comparison of the data from Runs 3 
and 4 with that of Runs 1 and 2, the equilibrium activity at a given fresh 
stone make-up rate is quite different for the (10/50) run versus the 
(10/30) runs. In Table 5-42 we see that at both 1/4% and 1/2% acceptor 
make-up rates the (10/30) cycle equilibrium activity is slightly higher 
than for the longer gasifier residence time runs. However, at higher 
make-up rates the (10/50) cycle yields significantly higher equilibrium 
activities. The reason for this lies in the fact that the lower the 
make-up rate the longer the average life.of acceptor in the inventory.
Thus, at low make-up rates the average "age" of acceptor is such that 
it is > 80 cycles, beyond which point the (10/30) cycle stone has a 
higher activity than the (10/50) acceptor (Figure 5-33).

Table 5-43 presents the output from the equilibrium activity computer pro­
gram for both the limestone and dolomite-derived acceptors, based on the 
calcined weight of acceptor. More explicitly, these activities are:

Weight CO absorbed R = 2.
Calcined weight acceptor

From the data in Table 5-43, we see that the acceptor activity for limestone 
is slightly lower than that of Tymochtee dolomite for any given make-up 
rate at approximate Rapid City pilot plant conditions.

Finally, it should again be pointed out that remarkable agreement was ob­
tained between the equilibrium activity data predicted by the laboratory 
cycle tester and the actual acceptor activities observed during the pilot 
plant runs in Rapid City. This is important, as it allows for rapid, 
accurate acceptor activity predictions to be made without the expense of 
actual plant operation.

5.5.5 SYNTHETIC ACCEPTORS

All of the experience with natural stone acceptors has indicated that make-up 
rates of fresh acceptor in excess of 1% will be required for the process 
to operate with no air being fed to the gasifier. This will lead to a 
significant expense for fresh acceptor make-up material in a commercial 
plant. It would be highly desirable to have an acceptor material with a 
much longer useful lifetime in plant operation. A rather large laboratory 
effort was made to create such a high activity, long-lived acceptor.

The obj ect was to create an acceptor with the active calcium held in an 
inert matrix in such a manner as to permit process operation under CaCO^- 
CatOLQ^-CaO melt-forming conditions. Operation under the melt-forming 
condition would permit nearly complete recarbonation during each pass 
through the gasifier and lead to a situation whereby the acceptor make-up 
rate would be determined by the attrition rate rather than activity decay. 
This would lower the fresh acceptor make-up requirement to something probably 
less than 0.1% and lower the costs accordingly.
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Make-up Rate
Cycle Time w Ifo l!? w

(50/30)* 0.125 0.160 0.217 0.295 0.351
(10/30) 0.229 0.270 0.338 0.424 0.483
(10/50) 0.167 0.251 0.384 0.549 0.652

(Min Regenerator/Min Gasifier)

Table 5-42. TYMOCHTEE NO. 11 DOLOMITE EQUILIBRIUM ACTIVITY 
(Ca BASIS)

Cycle _______________ Make-up Rate
Acceptor Time .w 1% 2% 3$

Tymochtee No. 11 
Dolomite

10/30* 0.089 0.105 0.132 0.165 0.188

Tymochtee No.. 11 
Dolomite

10/50 0.065 0.097 0.149 0.214 0.254

Tymochtee No. 11 
Dolomite

50/30 0.049 0.062 0.084 0.115 0.137

Rapid City
Limestone

10/30
50/30

0.060 0.065 0.075 0.088 0.099

* (Min Regenerator/Min Gasifier)

Table 5-43. EQUILIBRIUM ACTIVITY OF VARIOUS ACCEPTORS 
(CALCINED WT BASIS)
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An attempt was made to infuse active calcium into a premanufactured 
inert matrix. This consisted of preparing a matrix by pressing finely 
divided (-325 M) periclase (MgO) powder into thin (1-2 mm thickness) 
discs and sintering these discs in a Glo-bar furnace at ^1500 C. This 
produced a rather porous chemically inert matrix which was physically 
quite durable. However, several attempts to fill the pore space with 
active calcium were unsuccessful. Only minor quantities of active cal­
cium could be injected into the matrix and hence the idea was discarded.

A successful synthetic acceptor was synthesized in the following manner:
Finely divided (70S) silicon dioxide (Cab-o-Sil EB-5) was mixed with an 
excess of calcium carbonate (precipitated chalk), pelletized at 5,000 psig, 
and reacted at 1600°F (871°C) in 1 atm CQ? (to prevent the calcination of 
CaCOj) to form calcium mono silicate (CaSiO^)• This increases the particle 
hardness and permits further handling without particle degradation. When 
this material (CaSiO^ with excess CaCOg) is subjected to gasifier conditions 
with a high enough steam partial pressure to insure melt formation ( >13 atm), 
the calcium silicate reacts with some of the remaining calcium carbonate 
to form spurrite (Ca5(SiO^)2C03). This results in an acceptor comprised of 
active calcium carbonate encased in an inert spurrite matrix.

Synthetic acceptors, prepared in the above manner and containing up to 
about 40% free calcium carbonate, have been successfully cycled under melt­
forming conditions. These synthetic acceptors have been cycled for up to 
130 cycles with little or no activity loss and no loss of particle identity. 
Microscopic examination of these cycled acceptors has revealed very little 
migration of the free calcium.

A potential problem with synthetic acceptors, which has yet to be explored, 
is the effect of coal ash on the active calcium in these acceptors. If 
ash-acceptor reactions occur to any great extent, the practicality of this 
material will be greatly reduced. However, barring the possibility of severe 
ash-acceptor interactions, synthetic acceptors may provide significant cost 
savings in a commercial CO2 acceptor plant.

5.6 SYSTEM HEAT LOSSES

The isolated operation of the regenerator and the gasifier systems in 
Runs 30 and 31 provided an opportunity to determine the individual heat 
loss from each system. These data formed the basis for the heat loss 
values used in all heat and material balances. The isolated operation 
excluded the unmeasured fuel char to the regenerator and circulating 
acceptor streams from the calculations, thereby increasing the accuracy of 
the heat loss determinations.

In each run, auxiliary fuel char or coal feed was burned with air to 
provide heat to maintain a normal operation temperature in the fluidized 
beds. Details of the operating procedures are listed in the individual 
run reports published in Volume 8, Book 4 of this report.

5.6.1 REGENERATOR BALANCES

The calculated heat and material balances for the regenerator system.
Run 30, are listed in Tables 5-44 through 5-46. The three balance periods 
of Run 30 were differentiated by a change in the preheat temperature of 
the acceptor lift line gas flow. The intent of changing this preheat
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Basis: 1 hour
Datum: 60°F, liquid water

SCF Lbs ®F
Input
Char Feed(l) 325 97
Acceptor Li ft Gas(3) 55,700 4,537 1395

Moisture 212 10 1395
Char Lift Gas(3) 7,600 617 750
Moisture 29 1 750

Ring Gas 830
Recycle(3) 40,000 3,263
Air(4) 32,900 2,505
Moisture 246 12

Purge Gas, Recycle(3) 1,100 90 60
Subtotal 11,360
Heats of Reaction

Heat of Combustion In - Heat of Combustion Out
CaO + S = CaS + 0 .057 Mols at 196,540 Btu/Mol

Total 11,360
Output
Recycle Gas(3) 104,400 8,504 1863
Vent Gas(3) 33,300 2,712 1863
Steam 1,844 88 1863
Overhead Solids(2) 61 1863
Sulfur in Gas(5) 46 6 1863
Bed Inventory Loss -11 1863
Subtotal 11,360
Heat Loss (By Difference)
Total 11,360

Sensible Heat 
BTU

Heat of Combustion 
BTU

2,700
1,582,700

17,300
106,000
1,900

3,613,900

629,700
484,500
16,600

2,841,400 3,613,900
3,149,300

11,200
6,001,900

4,127,900
1,316,000
173,600
28,500
2,500

394,000
43,400
27,200

5,648,500
353,400

6,001,900
464,600

H, Wt <f,. Dry
C
N
0
S
Ash, S03 free 
Wt Moisture

CHAR FEED<D
2.11

73.24
.68

8.15
1.84

13.98
2.49

OVERHEAD SOLIDS(2)
5.03

3.00
91.97

GAS
<3) (4) (5)

H2, Mol $ 0.15
CO 3.54coa 18.12
N8 78.19 79,00
02 21.00
COS, PP# 31
h2s, ppm* 39S02, PPM* 259
* Based on total wet gas.

Table 5-44. HEAT AND MATERIAL BALANCE - RUN 30 0000 HOURS 
TO 1200 HOURS DEC. 2, 1973 REGENERATOR SYSTEM - 
BALANCE NO. 1 SYSTEM PRESSURE 150 PSIG
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Basis: 1 hour
Datum: 60°F, liquid water

Sensible Heat
SCF Lbs °F BTU

Input
Char Feed(1) 388 98 3,400
Acceptor Lift Gas(3) 58,200 4,740 1050 1,196,300

Moisture 222 11 1050 16,100
Char Lift Gas(3) 8,000 649 750 111,600

Moisture 30 1 750 2,000
Ring Gas
Recycle(3) 39,900

830
3,255 628,200

Air(4) 39,100 2,979 576,200
Moisture 270 13 18,400

Purge Gas, Recycle(3) 1,100 90 60
Subtotal 12,126 2,552,200
Heats of Reaction

Heat of Combustion In - Heat of Combustion Out 3,757,700
CaO + S s CaS + 0 .117 Mols at 196,540 Btu/Mol 23,000

6,332,900Total 12,126
Output
Recycle Gas(3) 107,200 8,731 1852 4,210,200
Vent Gas(3) 39,600 3,227 1852 1,555,600
Steam 2,150 102 1852 201,600
Overhead 8olids(2) 77 1852 36,000
Sulfur in Gas(5) 38 5 1852 2,000
Bed Inventory Loss -16 1852
Subtotal 12,126 6,005,400
Heat Loss (By Difference) 327,500
Total 12,126 6,332,900

CHAR FEED OVERHEAD SOLIDS
H, Wt Dry 2.11
C 73.24 5.88
N .68
0 8.15
s 1.84 4.87
Ash, S08 free 13.98 89.25
ft Moisture 2.49

Heat of Combustion
BTU

4,314,400

4,314,400

470,100
64.300
22.300

366,700

GAS
(3) w <5)

H8, Mol $ 0.16
CO 3,53
cog 18.15

78.16 79.00
OiCOS, PPfcf 21.00

31
H8S, PP# 40
S09s PP# 184

# Based on total wet gas.

Table 5-45. HEAT AND MATERIAL BALANCE - RUN 30 0800 HOURS
DEC. 3 TO 0800 HOURS DEC. 5, 1973 REGENERATOR
SYSTEM - BALANCE NO. 2 SYSTEM PRESSURE 150 PSIG
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Sensible Heat Heat of Combustion

Basis: 1 hour
Datum: 60°F, liquid water

SCF Lbs °F BTU BTU
Input
Char Feed(l) 428 79 1,800 4,759,100
Acceptor Lift Gas(3) 76,600 6,296 600 834,600

Moisture 323 15 600 20,000
Char Lift Gas(3) 8,400 688 750 117,900

Moisture 35 2 750 2,300
Ring Gas
Recycle(3)
Air<4)
Moisture

Purge Gas, Recycle(3)

19.000
46.000 

163
1,100

1,564
3,501

8
90

830

60

301.200
677.200 
11,000

Subtotal 12,592 1,966,000 4,759,100
Heats of Reaction

Heat of Combustion In - Heat of Combustion Out 4,533,400
CaO + S = CaS + O .171. Mols at 196,540 Btu/Mol 33,500

Total 12,592 6,532,900
Output
Recycle Gas(3) 105,100 8,634 1842 4,134,100
Vent Gas(3) 45,900 3,771 1842 1,804,800 144,300
Steam 2,380 113 1842 222,800
Overhead Solids(2) 124 1842 57,200 78,100
Sulfur in Gas(5) 26 4 1842 1,500 3,300
Bed Inventory Loss
Subtotal
Heat Loss (By Difference) 
Total

-54
12,592
12,592

1842
6,220,400

312,500
6,532,900

225,700

CHAR FEED OVERHEAD SOLIDS
—m— (2)

H, Wt Dry 2.11
C 73.24 4.43
N .68
0 8.15
s 1.84 4.41
Ash, S03 free 13.98 91.16
Wt Moisture 2.49

GAS
Hg, Mol #

(3) m (5)
.04

CO .94
CO* 19.71
Na 79.31 79.00
°2 *COS, PPM*

21.00
30HgS, PPM* 45

SOg, PPM* 95

* Based on total wet gas.

Table 5-46. HEAT AND MATERIAL BALANCE - RUN 30 1600 HOURS
DEC. 5 TO 1600 HOURS DEC. 6, 1975 REGENERATOR
SYSTEM - BALANCE NO. 3 SYSTEM PRESSURE 150 PSIG
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temperature was to provide a broader range of data on which to base the 
calculations. All calculation procedures are consistent with previously 
published heat and material balances for the CO2 acceptor process. Appli­
cable equilibrium correlations, heat capacities, and heats of reaction can 
be found in a previously published report. The determination of the 
gaseous sulfur in the regenerator overhead was made by calculating the 
net difference between the inlet and outlet solids sulfur and apportioning 
the sulfur species according to Reactions 5-56 and 5-57.

CaS + C02 = CaO + COS (5-56)
where: In K . = -20.7776 + .010626T - 1.9848 x 10"6T2 - 1611/T

equal
T = °F

where:

CaO

In Kequil 
T = °F

+ H2S = CaS + H20

17.5646 - .0092926T + 1.7716 x

(5-57)
io_6t2 1070/T

The net remaining gaseous sulfur was assumed to be in the form of S02.

5.6.2 GASIFIER BALANCES

The gasifier heat and material balances for three of the balance periods 
of Run 31 are listed in Tables 5-47 through 5-49. Heat capacities and 
heats of reaction were again obtained from the previous referenced .
For the purposes of these particular heat balances the net gaseous sulfur 
was assumed to be entirely H2S. The amount of gaseous overhead sulfur 
was again determined by difference between the inlet and outlet solids 
streams.

Table 5-50 summarizes the results of the heat balances for Runs 30-31. It 
was necessary to include the heat loss from the lift line in the regenerator 
heat balances, because of the uncertainty of the gas temperature measurement 
at the top of the lift line. The listed heat losses for the regenerator 
lift line were calculated from skin temperature data collected during balance 
Period 2 of Run 30. Convection and radiation heat loss correlations™) were 
used to determine the heat loss for this balance period. Since the operating 
conditions for this balance period more closely duplicated normal operating 
conditions, these results were used as the basis for the regenerator heat 
loss in all other heat and material balances. The lift line heat loss for 
the first and third balance periods was estimated by assuming the regenerator 
overall heat transfer coefficient, calculated from the results of Balance 
2 to be constant over the range of bed temperatures, and calculating the 
lift line loss by difference. The convective and radiant method was pre­
ferred over the conductive calculation for the acceptor lift line, because 
portions of the original insulation between the inner pipe and the outer 
shell were removed and replaced with hand-packed Kaowool many times for 
repairs. Each time a hot spot developed on the outer shell during a run,

(5) Curran, G. P., et al, "Production of Clean Fuel Gas from Bituminous 
Coal," December, 1973, NTIS PB-232-695/AS. Work sponsored by EPA 
under Contract No. EX-76-C-01-1734.

(9) Chapman, A. J., "Heat Transfer." Second Edition, p. 526.
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Basis: 1 hour
Datum: 60°F, liquid water

Sensible Heat Heat of Combustion
SCF Lbs °F BTU BTU

Input
Char Feed(l)
Boot Gas

1,320 65 1,300 14,601,100
Recycle(5) 8,960 547 1385 264,200
Steam

Ring Gas
7,880 375 1490 639,700

AirCS) 14,600 1,112 1490 417,100
Steam

Purge Gas
29,000 1,379 1490 2,434,500

Recycle(5) 2,200 134 60
Inert(7) 200 16 60

Subtotal
Heats of Reaction

4,883 3,756,800 14,601,100
CaO + COg s8 C&CO3 ■,88 Mols at 76,200 Btu/Mol 67,400
Heat of Combustion In - Heat of Combustion Out 179,700

Total 4,883 4,003,900 14,601,100
Output
Vent Gas(5) 35,700 2,175 1340 1,018,600 6,457,200
Recycle Gas(5) 11,160 681 1340 316,700
Steam 26,600 1,265 1340 2,128,500
HgS 181 16 5,800 115,600
Quench Tower Solids(2) 25 1340 10,300 203,100
Cyclone Solids(3) 210 1340 92,800 2,065,400
Purged Char(4) 511 1340 228,900 5,580.100

14,421,400Subtotal
Heats of Reaction

4,883 3,801,600
CaO + S ss CaS + 0 25 Mols at 196,540 Btu/Mol 50,600

Heat Loss 151,700
Total 4,883 4,003,900 14,421,400

LIGNITE OR CHAR
<1> <3>

, Wt % Dry 2.11 .67 1.06
73.24 53.05 63.71

>h

.68
8.15
1.84

.36 .42

Oxides 13.98 20.15 17.44
CaCOg 20.42 14.04
CaS

; Moisture 3.00
5.35 3.33

GAS
(4) (5) w (7)
.93 CH4, Mol $ 5.33

72.35 Ha 30.41
.35 CO 8.76

COa 22.48 12.00
Na 33.02 79.00 88.00
Oa 21.00

13.95
10.57
1.85

Table 5-47. HEAT AND MATERIAL BALANCE - RUN 31-1 0400 HOURS
DEC. 14 TO 0800 HOURS DEC. 15, 1975 GASIFIER
SYSTEM HUSKY CHAR SYSTEM PRESSURE 150 PSIG
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Basis: 1 hour
Datum: 60°Ft liquid water

Sensible Heat Heat of Combustion
SCF Lbs °F BTU BTU

Input
Coal Feed(l) 1,530 375 143,800 17,980,400
Boot Gas

Recycle(5) 8,730 513 1415 255,800
Steam 6,500 309 1415 532,800

Ring Gas
Air(6) 28,500 2,169 1503 829,700
Steam 26,500 1,260 1503 2,242,300

Purge Gas
Recycle(5) 2,200 129 60
Inert(7) 200 16 60

Subtotal
Heats of Reaction

5,926 4,004,400 17,980,400

CsO + C02 — CaC03 .33 Mols at 76,200 Btu/Mol 25,200
Heat of Combustion In - Heat of Combustion Out 315,400

Total 5,926 4,345,000

Output
Vent Gas(5) 68,300 4,020 1470 2,094,400 14,023,400
Steam 18,400 875 1470 1,536,200
Recycle Gas(5) 10,900 642 1470 334,700
HsS 89.8 8 1470 3,200 57,400
Quench Tower Solids(2) 52 1470 24,900 497,400
Cyclone Solids(3) 185 1470 92,100 1,932,100
Purged Char(4) 144 1470 66,000 1,154,700
Subtotal
Heats of Reaction
CaO + S = CaS + 0 .12 Mols at

5,926

196,540 Btu/Mol

4,151,500

23,600

17,665,000

Heat Loss
Total 5,926

169,900
4,345,000

COAL OR CHAR GAS
CD -J2) (3) <4) (5) W (7)

H, Wt $, Dry 4.55 .62 .85 .52 CH4, Mol <$> 5.56
C 69.49 63.90 69.03 53.45 h2 28.55
M .91 .40 .40 .25 CO 17.55
0 16.27 coa 14.87 12.00
s .75 Na 33.47 79.00 88.00
Ash o3 21.00

Oxides 8.03 19.84 19.85 35.05
C&CO3 12.12 8.40 7.69
CaS 3.12 1.47 3.04

Table 5-48. HEAT AND MATERIAL BALANCE - RUN 31-11 0000 HOURS 
TO 2400 HOURS DEC. 22, 1975 GASIFIER SYSTEM 
WESTMORELAND SARPY CREEK SUBBITUMINOUS COAL 
SYSTEM PRESSURE 150 PSIG
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Basis: .1 hour
Datum: 60°F, liquid water

Sensible Heat Heat of Combustion
SCF Lbs °F BTU BTU

Input
Coal Feed(l) 1,470 375 138,200 17,297,300
Boot Gas

Recycle<5) 9,400 556 1411 273,900
Steam 6,500 309 1411 532,100

Ring Gas
Air(6) 29,300 2,231 1515 853,000
Steam 26,400 1,255 1515 2,236,400

Purge Gas
Recycle(5) 2,200 130 60
Inert(7) 200 16 60

Subtotal
Meats of Reaction

5,967 4,033,600 17,297,300

CaO + CO2 = CaCOg • 251 Mols at 76,200 Btu/Mol 19,100
Heat of Combustion In - Heat of Combustion Out 380,000

Total 5,967 4,432,700

Output
Vent Gas(5) 68,000 4,014 1480 2,095,500 13,553,500
Steam 19,500 926 1480 1,630,100
Recycle Gas(5) 11,600 686 1480 357,100
H2S 93.6 8 1480 3,400 59,800
Quench Tower Solids(2) 44 1480 21,100 410,300
Cyclone Solids(3) 153 1480 77,300 1,617,100
Purged Char(4) 136 1480 65,100 1,276,600
Subtotal
Heats of Reaction

5,967 4,249,600 16,917,300

CaO + S = CaS + 0 .065 Mols at 196,540 Btu/Mol 12,700
Heat Loss 170,400
Total 5,967 4,432,700

COAL OR CHAR GAS

H, Wt % Dry
(1) 75) (3) (4) (5) w (7)
4.88 .59 .88 .58 CH4, Mol 5.21

C 69.35 62.38 69.80 62.98 h2 28.42
N .95 .38 .44 .29 CO 16.93
0 17.52 coa 14.88 12.00s .68 Na 34.56 79.00 88.00
Ash 0a 21.00

Oxides 6.62 24.88 18.85 29.34
CaC03 9.16 9.04 5.32
CaS 2.61 .99 1.49

Table 5-49. HEAT AND MATERIAL BALANCE - RUN 31-1II
0600 HOURS DEC. 27 TO 0800 HOURS DEC. 28, 1975
GASIFIER SYSTEM WYODAK SUBBITUMINOUS COAL
SYSTEM PRESSURE 150 PSIG
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Regenerator Heat and Material Balances
Run 30

Balance 1 Balance 2 Balance 3
Average Bed Temperature, °F 1863
Total Heat Loss,* Btu/hr 353,400
Heat lost by Acceptor Lift Line, Btu/hr 80,506
Not Heat lost by Regenerator Vessel Only, Btu/hr 272,900

1852
327,500
56,200

271,300

1842
312,500
42,700

269,800

* Includes the acceptor lift line, CD-208.

Gasifier Heat and Material Balances 
Run 31

Feed
Bed Temperature, °F 

Heat lost by Gasifier Vessel, Btu/hr

Balance 1

Husky Char
1340

151,700

Balance 2
Sarpy Creek 

Subbituminous Coal
1470

169,900

Balance 3
V/yodak

Subbituminous Coal
1480

170,400

Table 5-50. SUMMARY OF REGENERATOR AND GASIFIER HEAT AND MATERIAL 
BALANCES RUNS 30 AND 31



the area of the hot. spot had to be cut open. The vacuum-formed Kaowool in­
sulation was removed to make the repairs, then the annular space in the 
area of the repair was hand packed with bulk Kaowool. These many repaired 
areas made the determination of the lift line heat loss impossible using 
thermal resistance-type correlations, because of the unknown K factor for 
the insulation.

5.6.3 HEAT LOSS FROM REGENERATOR REFRACTORY LIFT LINE

The radiation and convection method was used to estimate the heat loss 
of the refractory lift line which replaced the original regenerator lift 
line after Run 40. Thermal resistance correlations were used to estimate 
the heat loss of all other transfer lines in which the insulation quality 
was known with reasonable certainty. Sample calculations using both types 
of calculation procedures to estimate the heat loss of the refractory lined 
lift line are listed in Subsection 5.6.5. Skin temperature data collected 
during Run 41B are listed in Table 5-51. The skin temperature used in 
the calculations represents a weighted mean temperature, based on the average 
temperature of the line on each floor of the pilot plant structure and 
the length of line exposed on each floor. The difference in the calculated 
heat loss obtained by the two methods in the sample calculations is possibly 
the result of inaccurate temperature measurements. For this particular line, 
a mean value of the two calculations was used (120,800 btu/hr).

5.6.4 SUMMARIZED HEAT LOSSES

A summary of the gasifier and regenerator system heat losses as used in 
the integrated plant heat and material balances is listed in Table 5-52.
These heat loss values reflect the modifications that were made to the 
plant during the operating period.

5.6.5 SAMPLE CALCULATIONS

Heat Loss from Refractory Lined Acceptor Lift Line CD-208.

(1) Heat conduction

Heat flow in cylinder, composite wall:

D In D, + D In D_ +...+ D In D _n __1_ __n _2 n n
2K, D 2K„ D, 2K D(n-l)1 2 1 n v 7

K = Btu/ft^ hr °F/in. 

q = Btu/ft^ hr

t^ = Hot face temperature, °F

tn = Cold face temperature, °F

D = Inside diameter of cylinder, inches

(9) Chapman, A. J., "Heat Transfer."
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Date -4------------ 12/27/76 -------- ---> - 12/28/76 - -----
Time

Floor
Elevation

It.

1200 1700 2000 2400 0400 mm 12(E) 1600 2000

6 84.2 260 280 300 310 310 mo 270 250 240
6 280 280 200 220 240 260 260 250 240
5 68. 2 240 240 240 235 330 230 220 250 250
5 * 440 490 480 470 280 420 420 400 420
4 54.2 220 210 220 230 235 220 230 230 230
4 2^) 240 240 260 250 250 230 210 210
3 40.2 230 230 250 260 240 230 220 210 210
3 220 230 220 230 220 210 220 210 210
1 4.2 240 255 220 220 225 225 220 200 200
1 O 250 240 250 245 250 250 260 240 240

* Localized hot spot.
All temperatures are in °F

Table 5-51 SKIN TEMPERATURES ACCEPTOR LIFT LINE CD-208
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Runs 21-28B Runs 29A-32 Runs 33-40 Run 41 Runs 42-47B
Regenerator 271.3^ 271.3 271.3 271.3 257.9
Acceptor Lift Line 80.5 80.5 80.5 120.8'*' 120.8
Engager Pot 11.0 11.0 11.0 11.0 11.0
Recarbonated Acceptor Standleg 9.8 18.1 18.1 18.1 18.1
Char Lift Line 5.5 5.5 5.5 5.5 5.5
Char Standleg 26.9 26.9 28.0 26.9 26.9

Regenerator System Total 405.0 413.3 414.4 453.6 440 2
Gasifier 170.0<a> 170.0 170.0 170.0 170.0
Calcined Acceptor Standleg 28.0 28.0 28.0 28.0 28.0

Gasifier System Total 198.0 198.0 198.0 198.0 198.0

(i) Run 30 results used, Balance Mo. 2 (see Table 5-50).
(t) Run 31 results used, (see Table 5-50).
(*) Lift line was lined with refractory; heat loss calculated.
(4) Regenerator diameter reduced; reduction in heat loss calculated from thermal properties of refractory.

Table 5-52. SUMMARY OF HEAT LOSSES



= Outside diameter of inside lining material, inches

= Outside diameter of secondary lining material, inches

= Outside diameter of outer lining material, inches

= Thermal conductivity of inside lining material

= Thermal conductivity of secondary lining material

= Thermal conductivity of outside lining material
A, = outside area of line, CD-208 = n (10.75) (86.75) = 244.14 ft2

12
Inside temperature, T^ = 1390°F

Average outside skin temperature, T^ = 238°F

D = 4 in.

D1 = 8 in. K1, Mulfrax = 17 at 1400-2000°F

l>2 = 10 in. K.2> Fiberfrax = .6 at 750°F

= 10.75 in. K^, Carbon Steel Shell = 360

q = 1390 - 238
10.75 In 8 + 10.75 In 10 + 10.75 In 10.75 
2(17) 4 2(. 6) 8 2(360) 10

q= 1152
(.219 + 1.999 + .001)

q = 519.1 Btu/ft2hr

Q = A x q - (244.14) (519.1) = 126,733 Btu/hr

(2) Convection and Radiation

For vertical cylinders:

h
c

= N (9)

h = a e (T - T ) (T 2 + T 2) ^
T S Si S Si '

Q = A (hc + hr) ( AT)

(9) Chapman, p. 525. 
(9) Ibid, p. 313.
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h = Convective heat transfer coefficient, Btu/hr ft^ °F 
c

h = Radiant heat transfer coefficient, Btu/hr ft^ °F r
Q = Heat transfer rate, Btu/hr

N n = Nusselt number, dimentionless nul
K = Thermal conductivity of air, Btu/hr ft °f 

L = Vertical length of cylinder, ft
a = Stephan-Boltzman constant, .17174 x 10 ^ Btu/hr ft^ °R^

f = Bmissivity of radiating surface, painted steel = .9

Ts = Temperature of radiating surface, °R

Ta = Ambient air temperature, °R

T = 238°F, T « 60°F, L = 86.75 ft 
s a

Mean film temperature « (258 + 60) = 149°,F
2

Properties of air at 150°F 

p, density = ,06508 lb/ft^ 

p, viscosity ■= .04899. Ib/ft hr 

'K, Thermal conductivity * .01688 Btu/hr ft °F

N Prandtl number, dimentionless « .699pr
Coefficient of thermal expansion, 1/°R ® .0019 

g, Newton conversion factor ® (32.2)(3600)^

Grashof number (3 g AT
p2

NGr * (86.75)5(. 06508)2 (32.2) (3600)2(238-60) 
(520)(.04899)2

N = 1.65 x 1014 
br

N . = .129 (N„ x N )1/3 
nul v Gr pr
Nnul ^ *129 Cl-65 x 1014 x .699)1/3
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Nnul 6272.5

hc
(6272.5)(.01688) = 1.221 Btu/hr ft2 °F

(86.75)

hr

hr = 1.423 Btu/ft2 hr °F 

Q = (244.14)(1.221 + 1.423)(238-60)

Q = 114,900 Btu/hr

5.7 BENCH-SCALE SUPPORT STUDIES

Systematic analyses and evaluations of samples of the various solids 
streams from balance periods in each pilot plant run were carried out 
in the laboratory in Library. Normally, this work was performed on 
samples selected and shipped to Library at the conclusion of a run; 
however, occasionally information was required during a run and 
various samples were analyzed or experiments conducted accordingly. 
Other support work carried out in Library consisted of the development 
and testing of synthetic acceptors, reactivation of spent acceptors, 
and acceptor reconstitution.

5.7.1 ROUTINE SAMPLE WORKUP

The routine sample treatment and assessment for each of the solids 
stream analyzed is described below. The information gathered from 
this work was used to define the progress of and changes which occurred 
during a run.

5.7.1.1 Gasifier Boot Samples

The recarbonated acceptor samples obtained from the gasifier boot,
S-10, sampling port were the key samples for the determination of 
acceptor activity. These samples were processed in the following 
manner: Initially, the sample was riffled to one-half its original weight 
and a screen analysis was performed. The sample was screened at 6,
8, 10, 14, and 20 mesh (Tyler sizes) and at this stage any sample pec­
uliarities were noted. These screen analyses provided a rapid means of 
evaluating such things as char-stone separation at the boot-gasifier 
interface and acceptor attrition.

The plus 20 mesh size fractions of these S-10 samples were assayed for 
acceptor activity as described below.

Approximately 10 grams of a given stone fraction was loaded into a pre­
viously tared quartz tube reactor (a 2.5 cm diam. x 30 cm long quartz 
tube, with one end sealed in the shape of a cone, and a 0.6 cm diam. 
dip tube extending to the bottom of the tube) and weighed. The reactor 
was purged by passing a stream of C02 gas through the sample via the
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dip tube. After purging, the reactor, with CO. still flowing through 
it, was lowered into a sand bath furnace at 1000 F (538 C). The sample 
was maintained at these conditions for 15 minutes to ensure that any 
moisture present in the sample was driven off prior to the activity 
determination. Following this 15-minute drying, the reactor was quenched 
in a water bath, purged with N-, and weighed again. Next, a streamoof 
H- was passed through the sample and the reactor was heated to 1700 F 
(927 C) and fully calcined for 45 minutes. The reactor was then quenched, 
purged with N~, and reweighed. Finally the sample was recarbonated by 
heating the quartz tube reactor to 1500°F (816°C) for 30 minutes in a 
stream of CC^ gas. The final weight of the reactor plus sample in 1 atm 
of N£ gas was recorded and the sample was saved.

The activity, R, of these samples was then calculated by dividing the 
calcination weight loss, W, by the calcined weight, C, multiplied by 
the appropriate gravimetric factor, F_ for the stone involved (see 
5.7.2.1):

R « W (5-58)
-cTTf-

The particle density of these S-10 stones was also routinely determined.
For the density measurement, a small (~2-3 gm) sample of the stone 
was loaded into a pre-tared pyrex pycnometer of 5.910 cc volume and 
weighed. The pycnometer was then evacuated and warmed to drive off any 
absorbed surface moisture and reweighed. The remaining volume of the 
apparatus was filled with mercury and the pycnometer was reweighed.
The particle density of the samples were then calculated by the following 
equation:

p « Sample wt (5-59)
Vol of pycnometer - Wt of mercury

Density of mercury

These particle densities were quite useful in determining the circulation 
characteristics of the acceptor, as well as such things as degree of 
acceptor-ash interaction (shell formation) and particle shrinkage.

Occasionally, the S-10 acceptor samples were chemically analyzed to 
determine their elemental composition. Knowledge of the chemical 
composition compared with the particle densities and acceptor activity 
was of great importance in the evaluation of the performance of the 
various coal-acceptor combinations employed during plant operations.

5.7.1,2 Feed Coal Samples

Samples of the ground feed coal as fed to the preheater (S-3 samples) 
and as fed from the preheater into the gasifier lockhopper (S-8 samples) 
were routinely examined. The samples normally were screened at 100 Tyler 
mesh and both the +100 and -100 M fractions were submitted to the analy­
tical laboratory for determination of the moisture and ash contents as 
well as the abundance of carbon, hydrogen, nitrogen, and sulfur. Ele­
mental analyses were obtained on the ash from these samples and the heating 
value of the coal was measured.
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The data gathered on these feed coal samples provided a continuous check 
on the constancy and quality of the feed coal, as well as information on 
the performance of the grinding and drying sections of the pilot plant.

5.7.1.3 Gasifier Bed Material Samples

Samples of the gasifier bed material, S-13B, from the balance periods of 
each run were studied. These samples, consisting normally of circulating 
acceptor and partially gasified char, were riffled to about 300 grams and 
screened at 8, 10, 14, 20, 28, 35, 48, 65, 100, and 200 Tyler mesh. Next, 
the char and acceptor were separated in each size fraction and their weight 
percentages calculated. For the 10 x 14, 14 x 20, 20 x 28, and 28 x 35 mesh 
size fractions, the char-acceptor separation was carried out by elutriating 
the char from the stone in a pyrex column with a stream of nitrogen gas. 
After the elutriation step, the fractions were examined under a light micro­
scope and further separation, if necessary, was done by hand picking.

Due to the extreme difficulty of elutriating or hand picking the smaller 
size fractions, another separation method was devised for these samples.
For the 35 x 48 and 48 x 65 mesh samples, the weight fraction of stone 
and char was determined by ashing about 20 grams of sample in a muffle 
furnace in air followed by screening at 48 mesh, 65 and 100 mesh. The 
screening was performed by forcing all powder and loose aggregates through 
the screens with a gentle rotary action of the finger. The material on 
each screen, as well as that in the pan, was then weighed. The pan (-100 m) 
material was taken to be the inherent ash in the char and the +100 mesh 
material was considered to be intermediate fines or "junk."

The size fraction smaller than 65 mesh (i.e., 65 x 100, 100 x 200 and 
-200 M) were taken to be free of acceptor material and to consist entirely 
of coal fines.

The particle density of the S-13B char samples was measured directly, by 
the mercury density method outlined above for the S-10 samples, on all of 
the size fractions except the 35 x 48 and 48 x 65 mesh sizes. Whenever it 
was important to know the char density in these fractions, the densities 
were calculated in the following manner: The density of the bulk size 
fraction of material was measured in the previously described manner. 
Following this density measurement, the sample was completely removed 
from the pycnometer and ashed in a muffle furnace. The inherent ash and 
acceptor material were separated by the finger screening method described 
above for these size fractions. Finally, the density of the nonash 
material was measured via the mercury density method. With the above infor­
mation, the particle density of the char could be calculated as follows:

P Char = (1 - A) (5-60)
l - A 
B C

where: A = weight fraction nonash material, B - measured particle 
density of total sample, C = measured particle density of the nonash
material.
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In addition to the above described screen analyses, char-acceptor 
separation, and char density determinations, S-13B char samples were 
routinely selected and submitted to the analytical laboratory for 
complete analysis as described for the S-3 and S-8 coal samples.

The information obtained from these gasifier bed samples was vital for 
the calculation of the carbon inventory and of the acceptor retention 
time.

5.7.1.4 Cyclone Material Samples

Samples of the overhead fines material from both the regenerator cyclone, 
S-15A and S-15B, and from the gasifier external cyclone, S-17, were 
routinely analyzed.

The regenerator overhead fines were normally riffled to one-half of the 
original weight and screened as follows:

(1) The S-15B samples (material from the first of the two cyclones 
in series) were screened at 8, 10, 14, 20, 28, 35, 48, 65, 100,
200, and 325 Tyler mesh).

(2) The S-15A samples (material from the second regenerator cyclone) 
were screened at 35, 48, 65, 100, 200 and 325 Tyler mesh.

Since the S-15A cyclone was downstream from the S-15B cyclone, it was 
rare that any +35 mesh material was found in the S-15A samples; hence 
the elimination of the larger screen sizes. Generally speaking, the 
regenerator overhead material consisted of finely divided coal ash and 
attrited fines from the acceptor. Very little unburned carbon was present 
in these samples under normal operating conditions.

Solids from the gasifier external cyclone (5-17 samples) were usually 
riffled in half and screened at 65, 100, 200, and 325 Tyler mesh.
Normally the -65 mesh material was recombined and submitted to the analy­
tical lab for ultimate analysis; however, occasionally the individual size 
fractions were analyzed. Under ordinary operating conditions this material 
was composed of ungasified char fines and attrited acceptor fines.

Characterization of these regenerator and gasifier overhead fines material 
was beneficial in helping to gain knowledge of factors such as acceptor 
attrition rates and carbon burn up efficiency in the regenerator.

5.7.2 OCCASIONALLY STUDIED SAMPLES

In addition to the routinely assayed samples, the following materials 
were examined from time to time either as a check on the uniformity of 
plant conditions among the various runs or when specific problems needed 
attention.

5.7.2.1 Fresh Feed Acceptor Samples

Samples of the ground and sized fresh feed acceptor, S-6, were periodically 
examined to ensure that no major changes in the properties of these materials 
had occurred between runs. These stones were screened at 6, 8, 10, and
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14 Tyler mesh as a check on the grinding system. The particle density 
of the S-6 stones was measured, by the method described above, on both 
fresh, as-received acceptor and stones which had been calcined at 1500°F 
(816 C), as a check on acceptor uniformity. The gravimetric factor, 
for these feed acceptors was determined in the following manner.

(3)

The sized sample, weighing about 25 grams, was placed in a quartz tube 
reactor which was heated by being immersed in a fluidized sand bath 
furnace. The reactor and its contents were weighed on an analytical 
balance after each of the following steps:
(1) The sample was heated in CO^ at atmospheric pressure and at 1100°F 

for 15 minutes. The weight loss represented the moisture content, 
hydrate water, the CO2 content of unstable carbonates, one-half 
of the pyritic sulfur, and pyrolysis of the bitumen content. For 
all the acceptors used in the operating program, this weight loss 
was less than 0.5% of the raw stone.

(2) The sample then was exposed to 1 atm CO2 partial pressure at 1550°F 
for 30 minutes. The weight loss represented the CO9 content of 
MgCO^ and the C02 lost during reaction of some of the CaCO, with 
impurities, as discussed later.

(3) The sample then was calcined by heating in N2 at 1600 F for 30 
minutes. The weight loss gave the desired useful CaO content, 
since the C02 loss was proportional to the useful CaCO„ content 
of the stone;

(4) The sample then was recarbonated in 1 atm CO7 at 1500°F for 30 
minutes. This was done to complete the ealcining-recarbonation 
cycle. Characteristically, the dolomites showed a weigh gain 
of 95-97% of the weight loss on the previous calcining, and the 
limestones showed 66-68%.

Supplemental tests showed that all reactions were complete in the time 
intervals stated above.

Except for dolomites which had very low impurity contents, the weight 
loss on calcining the MgCO? was greater than that on calcining the 
CaCO^. Since dolomites with a mol ratio of MgCO^/CaCO^ greater than
the theoretical ratio of unity are a geological rarity, some of the 
CaC03 must have reacted with an impurity such as SiC^ according to,

CaC03 + Si02 = CaO • Si02 + C02 

(3")The gravimetric factor, F2, ' was defined as:

F2
C02 Wt loss in Step 3 

Calcined sample wt after Step 3
(5-61)

This factor is a good parameter for the evaluation of acceptor constancy.

(3) Interim Rpt. No. 3, Book 3, Phase II, "Bench-Scale Research on CSC Process 
- Operation of the Bench-Scale Continuous Gasification Unit," January, 
1970. Research and Development Report No. 16, National Technical 
Information Service PB-184720/AS.
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Another test which was performed occasionally on fresh acceptor feedstock 
was to determine the activity pattern by cycling the material under 
simulated pilot plant conditions in a continuous automatic cycle test 
unit. This cycle tester consisted of a 0.5 inch I.D. stainless steel 
tube with two independently controlled temperature zones. The sample 
was raised and lowered between the high-temperature calcination zone 
and the lower temperature recarbonation zone. A CO^-N^ gas mixture 
was passed through the reactor while the sample was in the calcination 
zone, to simulate the condition in the pilot plant regenerator. A 
COz-l^-CO-^-^O mixture was normally employed in the recarbonation 
zone, to be consistent with conditions in the pilot plant gasifier.
Normally a pressure of 11 atm absolute was maintained in the reactor, 
although various other pressures were employed from time to time. The 
results of this cycle tester work were in very good agreement with the 
actual plant data on acceptor activity and thus were quite beneficial 
in predicting plant performance on a given acceptor. This was especially 
true in the work done on reconstituted acceptor.

Occasionally the S-6 samples were sent to the analytical lab for chemical 
analysis. These analyses, coupled with the assay data, ensured that the 
acceptors obtained in different shipments and from different parts of a 
quarry were not substantially different in composition--especially calcium 
content.

5.7.2.2 Regenerator Samples

Acceptor samples from the regenerator return leg, S-9, and from the spent 
acceptor withdrawal hopper, S-18, were monitored for several key variables.

One important item checked was whether the stones had been completely cal­
cined in the regenerator. This was determined by sub^ecting^ several 
gram, previously dried sample of the acceptor to 1700 F (927 C) in a 
quartz tube reactor under 1 atm of nitrogen gas and measuring the weight 
loss, if any, which occurred. Only on very rare occasions were these samples 
found to contain residual CO^. This fact confirmed that the regenerator 
was performing as designed.

The recarbonation activity and the particle densities of these calcined 
acceptors was also measured periodically, as was the elemental composition. 
These data, together with that obtained from the S-10 samples, further 
aided in the analysis of the performances of various acceptors.

5.7.2.3 Intermediate Fines

During the pilot plant runs, a problem arose with build-up of an inventory 
of intermediate sized (20 mesh x 65 mesh) fines in the gasifier-regenerator 
system. This buildup led to high gasifier bed densities, which in extreme 
cases hindered the showering of the acceptor through the gasifier char bed 
and necessitated the use of combustion air to supply the missing heat necessary 
for the gasification reaction.
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Figure 5-34. JOINTS BETWEEN AGGLOMERATED PARTICLES

206



Screen analyses of the coal ash, via the finger-screening technique ex­
plained earlier, showed that the ash of all the coals contained small- 
sized quartz grains. Microscopic examination of the intermediate fines 
material revealed that the majority of these particles contained a 
center core of SiC^ (quartz) surrounded by a silica rich material of 
essentially the same composition as the coal ash. Apparently the in­
termediate fines were a reaction product of the quartz grains inherent 
in the ash and the normal coal ash, with possible some contribution 
from acceptor fines.

Formation of the intermediate fines appears to be inevitable. Experi­
ence gained in pilot plant operations with seven different lignites 
and subbituminous coals showed that the as-built plant was operable 
without the need for auxiliary air to the gasifier, as long as the 
total Si02 content of the ash was less than 3 pounds per 100 pounds of 
moisture and ash-free coal.

In a commercial-sized system the intermediate fines problem will not 
exist, because these fines will be purged efficiently from the system. 
The regenerator will have a much lower bed height/bed diameter ratio 
than does the pilot plant regenerator and will be designed to have 
freeboard above the bed. This will allow the intermediate fines to be 
entrained overhead, along with the coal ash.

Deposits (See Subsection 5.3.5)

Throughout the history of the pilot plant operation, deposits were ob­
served to form in various plant vessels. Any time that it was believed 
that a deposit was the result of a process-related problem (as opposed 
to an occurrence related to a transient upset condition) an in-depth 
laboratory examination of the deposit was performed.

Generally the deposits associated with the plant can be divided into 
two types: The first type, agglomerates, were normally observed in the 
gasifier or boot where conditions were conducive to carbonation. Scan­
ning electron microscopy, coupled with x-ray microanalysis studies of 
these agglomerates indicated that they formed via a mechanism involving 
the growth of calcium carbonate (CaC0_) "necks” (Figure 5-34) between 
the discrete particles. Such growth can only occur in a static system; 
hence, under normal CC>2 acceptor plant operating conditions deposits of 
this type should not be able to form and thus should not be a problem.

The second general type of deposit observed during plant operation had 
the appearance of having been liquid at some time during formation. 
These deposits normally were associated with the regenerator and prob­
ably were a result of the formation of transient liquids.(3) Since 
deposit formation could always be linked to upset conditions, it should 
not be a problem in a smoothly operating plant.

(3) Interim Rpt. No. 3, Book 3, Phase II, "Bench-Scale Research on CGS
Process - Operation of the Bench-Scale Continuous Gasification Unit," 
January, 1970. Research and Development Report No. 16, National 
Technical Information Service PB-184720/AS.



One other type of deposit occasionally presented problems during plant 
operation. This consisted of deposits which formed on the walls of the 
calcined acceptor return leg from the regenerator and sometimes pre­
vented acceptor circulation from being maintained. Laboratory work 
suggested that these deposits were the result of the recarbonation of 
acceptor fines in the standleg. This was possible since the tempera­
ture on the walls of the leg was low enough to permit calcium carbonate 
(CaCCU) formation by the reaction of the calcined accepter fines and 
CO2 which was trapped between acceptor particles upon their exit from 
the regenerator. This problem was solved in the pilot plant by adding 
additional nitrogen gas purges to the return line.

5.7.3 OTHER SUPPORT WORK

A great deal of support work for the CO2 acceptor process was carried 
out in order to find an acceptor which would have an economic advantage 
over natural stone acceptors. This effort can generally be divided in­
to three separate studies: (1) synthetic acceptors, (2) reactivated
acceptors, and (3) reconstituted acceptors.

5.7.3.1 Synthetic Acceptors

Early operations of the pilot plant revealed that the activity of the 
natural dolomite and limestone acceptors was considerably lower than 
had been anticipated from the earlier results of the bench-scale work. 
It would thus be desirable to find or produce an alternative acceptor 
which would maintain a higher level of activity for a much longer per­
iod of operation than the natural stones. An acceptor was envisioned 
which would have a calcium content such that its gravimetric factor,
F2, would be about 30% that of dolomite. If such a material were 
found, it may be possible to operate the gasifier under CaCOg-Ca(OH)2 
-CaO melt-forming conditions which would induce the complete recarbon­
ation of the acceptor on each cycle, hence creating an acceptor of al­
most indefinite life.

Initial work was directed at attempting to impregnate CaO or CaCO^ in­
to the pores created by sintering MgO discs. This proved to be quite 
a difficult procedure and was soon abandoned.

Next, an attempt was made to create an in-situ matrix around the active 
calcium. This was accomplished by mixing finely divided silica (Si02) 
with a 30% excess of the calcium carbonate (CaCO^) required for the 
formation of spurrite (Ca^(SiO^)2CO3). The powdered mixture was then pelletized and heated at 1600°F t871°C) in 1 atm of CO2 gas. Under 
these conditions, all the silica reacts with calcium carbonate to form 
calcium monosilicate (CaSiO-^) which increases the strength of the pel­
lets . The pellets were then ground, sized, and subjected to 18 atm of 
steam and 2 atm CO2 gas at 1500°F (816°C), at which time the calcium 
silicate reacted with the calcium carbonate to form the spurrite ma­
trix.

These calcium silicate-calcium carbonate synthetic acceptors were sub- 
j ected to a series of tests in the automatic cycle test unit described
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earlier, and it was found that cycling under CaC02-Ca(0H)2-Ca0 melt­
forming conditions does not lead to loss of particle identity, and indeed 
does lead to virtually no loss of activity--even when cycled over 100 
times, at which point natural limestone has essentially no activity.
This type of synthetic acceptor could be of significant economic bene­
fit in a commercial CO2 acceptor process plant if reaction with coal 
ash can be avoided.

Reactivation of Spent Acceptor

Considerable time was spent on studies related to the reactivation of 
spent natural stone acceptors. Early work showed that while increased 
steam partial pressures led to slightly higher acceptor activities, 
this method would not lead to the significant increases in activity 
which were desired.

Other work on bed residence times indicated that no significant in­
creases in acceptor activity could be gained by changing the acceptor 
residence times (.within the range of times possible for plant opera­
tion) in either the gasifier or regenerator.

A method of reactivation was found that can lead to significant in­
creases in activity; however, this method is quite sensitive to time 
and condition. The acceptor reactivation is the result of partial in­
ternal melting of individual particles by exposure to CaCOg-Ca(OH)2- 
CaO melt-forming conditions for very short time. If the time is short 
enough and the built-up shells thick enough, then it is possible to 
attain significant increases in acceptor activity by this method. It 
is unlikely, however, that this method would be of commercial value, 
due to the consequences of poor control of the time and pressures. 
Over-exposure of the acceptor to these melt-forming conditions leads 
to complete loss of particle identity and the formation of a pool of 
liquid.

Reconstituted Acceptors (See Section 6)

Various tests of reconstituted acceptor made from frozen melts in the 
CaCOg-Ca(OH)2 system were performed. The general conclusion from the 
studies of this material carried out in the automatic cycle tester is 
that such melts would be as suitable for use in the C09 acceptor pro­
cess as fresh natural stone. The key to their use would hinge upon 
the economics of the production of this type of material versus the 
delivered costs of fresh stone.
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