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Abstract

Hydrogen-powered polymer electrolyte membrane (PEM) fuel cells, fueled by on-board H,
generation from liquid fuels, represent a potential enabling technology for future vehicles.
Much current effort has been devoted to the use of steam reforming or partial oxidation of
liquid fuels for on-board H, generation, but these technologies generate large amounts of CO,
which can poison PEM fuel cells. The purpose of this project was to develop a catalytic
membrane reactor system for the generation of pure H, via selective dehydrogenation of
liquid fuels. Separation of hydrogen from hydrocarbons was to be achieved by modification
- of commercial asymmetric alumina membrane tubes with permselective microporous ceramic
membranes. Hydrous titanium oxide (HTO) and silica-doped hydrous titanium oxide
(HTO:S1) ion exchange materials were evaluated as a component of the microporous ceramic -
composite membrane material and as a support for bulk dehydrogenation -catalysts,




respectively. Finally, experiments were performed using a bulk dehydrogenation catalyst in
conjunction with a microporous ceramic membrane to demonstrate a proof of concept for H;
generation by n-heptane dehydrogenation/dehydrocyclization using a catalytic membrane
reactor. This scheme offers a potential method for increasing hydrogen production rates
without increasing reactor size by overcoming equilibrium limitations on conversion, an
important consideration for transportation applications or for remote electricity generation for
civilian or military applications.
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Hydrogen Production for Fuel Cells by Selective
Dehydrogenation of Alkanes in Catalytic Membrane Reactors

Introduction

The need for increased energy efficiency and decreased environmental emissions provides
a strong driving force for research into alternatives to the intemal combustion engine for
transportation needs. One promising alternate technology is electricity-generating fuel cells [1-
3]. Pure H; fuel for these systems is very compatible with the current polymer electrolyte
membrane (PEM) technology [1-3]. However, safely storing hydrogen with energy densities
sufficient to provide adequate vehicle range currently represents an important obstacle to the
successful utilization of Hy-powered fuel cells [4]. A potential solution to this difficulty involves
on-board generation of H, from liquid fuels, thereby solving fuel storage problems and
simultaneously taking advantage of the existing infrastructure for distribution of hquid fuels. For
hybrid vehicles [5,6], on-board H, generation would allow the same liquid fuel to be used to
power both an internal combustion engine and a fuel cell, thereby avoiding weight and space
penalties associated with separate fuel storage systems. A wide range of chemical processes
(primarily steam reforming and partial oxidation) have been proposed for on-board reforming of
various liquid fuels (gasoline, diesel fuel, methanol, etc.) to produce H, for PEM fuel-cell
powered vehicles [4,7-11]. The focus of this project was the development of a catalytic
dehydrogenation membrane reactor to generate H, from liquid hydrocarbons (alkanes) and
simultaneously separate the H, from the olefin coproducts.

The selective dehydrogenation scheme we propose also provides advantages over steam
reforming, another prospective on-board H, production scheme. On-board steam reforming
requires extensive water management that is absent with dehydrogenation. Dehydrogenation
therefore avoids the weight and space penalty associated with the need to pump, store, and
recycle water for steam reforming. Steam reforming also generates substantial amounts of CO
and CO,, which wastes a large fraction of the available energy content of the fuel. The presence
of CO represents a serious problem since it has a significant poisoning effect on PEM fuel cells if
it is not rigorously removed. In addition to H,, selective dehydrogenation generates only
hydrocarbons (olefins) that are easier to separate from H; than CO and CO,, that are not severe
poisons for PEM fuel cells, and that can be collected and reused as fuel for an internal
combustion engine or to generate heat to drive the endothermic dehydrogenation reaction.

Steam reforming is also endothermic, requiring large heat input, so the endothermic
nature of dehydrogenation is not necessarily a disadvantage relative to reforming. Offsetting the
important advantages of dehydrogenation is the fact that steam reforming recovers virtually all of
the hydrogen in the fuel as Hj, while in dehydrogenation a substantial fraction of the hydrogen
remains in the dehydrogenated products. Thus, a dehydrogenation unit will likely require a larger
throughput than a steam reforming unit to produce comparable amounts of H,. We believe that
other advantages offered by dehydrogenation more than offset this disadvantage, with the net
result being a smaller and more efficient on-board H; generation unit. While partial oxidation



reactions are exothermic in nature, such reactions are difficult to control such that CO and H; are
selectively produced without the formation of combustion by-products (CO, and H,0). A
conceptual on-board H, generation/fuel cell system is illustrated below in Figure 1.

Fuel + air/water

Water Gas Shift 9= Hz’C;z/Hzo’CO/Nz

H,
Purification

Heat *
" Fuel Electric
| Burner l - 21N - C:i 3 Power

Heat

Figure 1. Conceptual on-board H; generation/fuel cell system (after ref. [4]). The large box
encompassing the reforming, water gas shift, and H, purification steps represents that portion of
an on-board H, generation/fuel cell system which could potentially be replaced by a catalytic
membrane reactor. The reformer process unit shown could utilize either a partial oxidation or a
steam reforming reaction for H, generation.

Many authors have provided reviews of catalytic membrane reactors, pointing out their
potential advantages and current limitations [12-20]. Since many chemical reactions are
reversible in nature (e.g., hydrogenation/dehydrogenation), conversions which can be achieved to
produce a given product slate are equilibrium limited. However, catalytic membrane reactors
that combine selective separation (i.e., permselectivity) of a given product species with the
chemical reaction can lead to increased reactant conversion to the desired products. Likewise,
potentially unfavorable secondary reactions involving product species can be limited by selective
product species removal. Other possible advantages are related to increased catalyst life,
simplified downstream separation and recovery operations, overall energy savings, and increased
safety through control of reactant feed in difficult-to-control reactions (e.g., regulation of O,
addition for oxidative dehydrogenation versus uncontrolled combustion).

In the case of on-board reforming for H, generation, the advantage related to simplified
downstream separation and recovery operations is a significant one. It is well known that more
conventional steam reforming or partial oxidation of hydrocarbon feeds will produce PEM fuel
cell feedstocks that require significant H, purification. Figure 1 shows that a number of separate
chemical processes are required for CO removal, including both low and high temperature water-
gas shift (CO + H,O < H; + CO,) [9,21], and additional H, purification (e.g., preferential
oxidation [PROX] of CO in the presence of H,) [9-11,22-24]. CO concentrations need to be
reduced from nominally 1 % (molar or volume basis) in the post-water gas shift stream to < 40



ppm (< 10 ppm is desirable) in the final fuel cell feedstock to avoid detrimentally affecting fuel
cell performance [1, 25]. The use of a membrane with high permselectivity to H, (H,/CO
separation factor > 1000) could greatly simplify the overall process for H, generation and
purification by replacing these additional chemical process units, as well as simultaneously
removing other potential contaminant species from the PEM fuel cell feedstock. As illustrated
by the large box in Figure 1, a catalytic membrane reactor system could replace the reformer unit,
water-gas shift unit(s), and additional H, purification (PROX) unit.

In particular, the application of permselective membranes for stand-alone H, purification
[12-20,26-45] or catalytic membrane reactors in which H; generation reactions (dehydrogenation,
reforming, etc.) are utilized [12-20,46-61] has recently received considerable interest. The
attributes and fundamental mechanisms involved in gas separation using permselective dense
metal (Pd) [12-20], polymeric [30,31], or microporous ceramic [32-39] (including zeolites [40-
45]) membranes have been reviewed in detail elsewhere. Microporous ceramic membranes, with
the combined attributes of low cost and high temperature (> 200°C) stability, relative to Pd
membranes and polymeric membranes, respectively, show enormous potential for future catalytic
membrane reactor or membrane separation applications. Finally, the combination of catalysis
and separation functionalities within a single system also offers a unique opportunity to minimize
weight and volume requirements for chemical processes, which is of premier importance in
automotive applications. This background indicated that catalytic membrane reactors utilizing
microporous ceramic membranes might well be an enabling technology for on-board generation
of H, for PEM fuel-cell powered vehicles. A schematic illustration of the catalytic membrane
reactor concept for alkane dehydrogenation is shown below in Figure 2.

L ]

Graded Porosity
Ho Tubular Membrane

Reactor Feed F oK Sbmi<: Residue
r ol e 82N . 025 ‘.‘. I e -
Alkane , 5:-:-.,3;,’ {Alkenes,

Non-Selective Products)

Catalyst
Particles

Nonporous wall of membrane reactor module

Figure 2. Catalytic membrane reactor concept for selective dehydrogenation of alkanes. The
packed catalyst bed would completely occupy the annular space inside the tubular membrane (not
shown for simplicity).
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The catalyst/membrane system employed in our studies is based upon commercially-
available asymmetric alumina membrane tubes with 5 nm average pore diameters [62], modified
with a microporous ceramic membrane (made up of one or more deposited layers of various
materials) that imparts high H; selectivity and permeability. Hydrous titanium oxide (HTO)- or
silica-doped hydrous titanium oxide (HTO:Si)-supported Fe and Cr catalysts have demonstrated
substantial activity for both ethylbenzene and isobutane dehydrogenation and are likely
candidates for other alkane dehydrogenation reactions [63,64]. Part of our studies focus on the
evaluation of bulk HTO:Si-supported catalysts in packed catalyst beds tested in a stand-alone
mode or in conjunction with microporous ceramic membranes. The former tests will be referred
to as conventional packed bed reactor experiments, while the latter tests will be referred to as
catalytic membrane reactor experiments.

In addition to high catalyst activity in bulk catalyst applications (conventional packed bed
reactors), HTO- or HTO:Si-supported catalyst materials can provide a distinct advantage over
commercial dehydrogenation catalysts in that they can be cast as thin films on virtually any
substrate [65,66]. Our planned approach was to first modify a commercial asymmetric alumina
membrane tube (non-hydrogen selective) with a baseline microporous silica layer. In addition to
evaluating these membrane materials in baseline silica form, composite microporous ceramic
materials were also evaluated. In previous studies, several materials have been evaluated in the
composite membranes as separate layers deposited onto the baseline silica membrane, including
silica (an additional layer with different sol chemistry and/or deposition conditions) and titania
[34,67]. For this study, as an alternative to titania, a composite membrane was fabricated by
depositing a nanocrystalline, ion-exchangeable HTO or HTO:S1 layer on top of the baseline silica
membrane surface. This approach utilized the underlying baseline silica membrane layer to
mediate the delivery of water for hydrolysis and condensation reactions to an alkali titanate
precursor layer. The use of the HTO or HTO:Si coatings offers the advantage of allowing a
proven catalytic function to be incorporated into the membrane. We anticipated that the intimate
association of the membrane and catalyst obtained with this approach would result in improved
conversions relative to conventional membrane reactor schemes that use only a bulk catalyst
(packed bed) inside the membrane tube. Furthermore, this composite coating approach is -
amenable to coating low cost, high surface area to volume ratio ceramic monoliths that would be
ideal supports for automotive fuel cell applications. A schematic illustration of the graded
porosity asymmetric tubular membrane (see Figure 2) is shown in Figure 3.
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Figure 3. Schematic illustration of graded porosity tubular membrane shown in Figure 2. The
molecular sieving layer can be a baseline silica membrane or a composite membrane that consists
of additional layers deposited on the baseline silica membrane, which tailor the pore size and
resulting permselectivity of the membrane. As illustrated in Figure 2, the annular space of the
membrane tube would be filled with a packed catalyst bed for a catalytic membrane reactor
application.

This project was divided into three primary tasks, briefly described as membrane
development, catalyst development, and catalytic membrane reactor experiments. These tasks
will be addressed as separate chapters in this report. In the first chapter, we will explore the
modification of the commercial asymmetric alumina membrane tubes with microporous ceramic
membrane coatings to achieve H, selectivity. Pure baseline (ethanol solvent-templated) silica
membranes, surface-derivatized silica (composite) membranes, and surfactant-templated silica
membranes (in both baseline and composite [surface derivatized] forms) were examined in this
aspect of our studies. The catalytic membrane reactor concept would obviously benefit from
improvements in membrane performance, either in terms of increased H, permeance or
selectivity to H, relative to other potential product species. Previous experiments have shown
that the modification of asymmetric alumina membrane tubes with microporous silica or titania-
modified (by surface derivatization) silica composite membrane results in Hy/CH,4 separation
factors of 100 to over 2000, compared to factors of 2.8 achievable with the unmodified
asymmetric alumina membrane tubes [34,67]. However, considerable improvements to baseline
(solvent-templated) silica microporous membrane performance, especially in terms of increased
H; permeance, are required to meet the needs of current and future gas separation applications.
Our work initially focused on reproducing these previous results, and extending the titania-
modified (by surface derivatization) silica composite membrane results to baseline silica
membranes modified (by surface derivatization) with ion-exchangeable HTO films. This would
make 1t possible to impart a catalytic functionality into the membrane itself to supplement the
bulk catalyst present in a membrane reactor.

A second primary task was the evaluation of bulk HTO:Si-supported dehydrogenation
catalysts for use with liquid hydrocarbons typically found in gasoline. These studies were meant
to identify high activity bulk catalyst materials for use in the packed catalyst bed of a catalytic
membrane reactor or as thin film HTO:Si-supported catalyst materials integrated into the
composite membrane structure. Rather than evaluate complex hydrocarbon mixtures, we used

12



model compounds, such as isooctane (2,2,4-trimethylpentane) or n-heptane, which have
characteristics similar to those of gasoline. We previously investigated the use of Fe/HTO:Si and
Cr/HTO:Si catalysts for dehydrogenation of isobutane and ethylbenzene, and found that the
optimal catalyst formulations are similar for the two reactions [63,64]. We therefore anticipated
that the use of known catalyst syntheses would yield highly active catalysts for isooctane or n-
heptane dehydrogenation. Testing was performed to determine catalyst activity trends, reactant
conversions, selectivities, and catalyst deactivation under various reaction conditions, and to
investigate catalyst regeneration schemes. Catalyst synthesis and testing also included HTO:Si-
supported noble metal catalysts as well, since supported noble metal catalysts are used in several
commercially important alkane dehydrogenation/dehydrocyclization reactions (e.g., platforming,
so named because it describes catalytic reforming reactions in which alkane components of
petroleum-derived feeds are dehydrogenated and/or cyclized over platinum catalysts to produce
more valuable [higher octane number] chemical compounds such as branched alkanes and
aromatics) [68,69]. The HTO:Si-supported catalysts synthesized as part of this study were
evaluated against an appropriate commercial dehydrogenation catalyst as a benchmark.

The third primary task involved joining the membrane and catalyst technologies in a
single unit, and testing the performance of the resulting catalytic membrane reactor system. H;
production rates, H, purity, and hydrocarbon product distributions were all measured. The ability
to incorporate a catalytic function directly into the membrane offered multiple options for
configuring the reactor system. The focus of our efforts in this area involved the simplest
possible catalytic membrane reactor scheme, in which a microporous ceramic membrane-
modified commercial asymmetric alumina membrane tube was filled with a bulk catalyst.

Chapter I. Membrane Development Efforts

Experimental

Membrane supports were prepared by sectioning commercial asymmetric 5 nm average
pore diameter alumina (y-Al;O3 /0-Al;O3) membrane tubes (U.S. Filter, Membralox®) [62] into
5.5 cm long sections, followed by ultrasonic cleaning in deionized water. These alumina
membrane tubes had an OD of 1 cm and an ID of 0.7 cm. The cleaned membrane supports were
then washed with deionized water several times before calcining at 450°C for 1 h.

All silica membranes of the present study were prepared from an A2** sol [67]. The
A2** sol i1s a modification of the original A2 sol recipe developed by Brinker, et al. [70].
Preparation of the A2** sol consists of two acid-catalyzed reaction steps designed to minimize
the condensation rates of silica species in order to produce weakly branched polymeric clusters
that interpenetrate and collapse during film deposition to produce membranes with molecular-
sized pores. The two-step procedure results in a final molar ratio of tetraethyl orthosilicate
(TEOS): ethanol: H,O: HC1 =1.0: 3.8: 5.0: 0.004 (pH = 2.0, standard sol). A dip-coating sol for
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solvent (ethanol)-templated silica membranes was prepared by diluting the standard sol with two
times its volume of ethanol. For surfactant-templated silica membrane preparation, several
surfactants were used. Some sols were prepared by adding a Co6-surfactant
(triethylhexylammonium bromide) powder to unaged A2** standard sol to obtain a C6-surfactant
concentration of 0.125 M prior to dilution. The resulting membranes were referred to as C6-
surfactant templated silica (C6STS) sublayers. Other sols were prepared by adding a C16-
surfactant (cetyltrimethylammonium bromide or CTAB) powder to aged and diluted (with
ethanol) A2** standard sol to obtain a final C16-surfactant concentration of 0.03-0.11 M (1.5-5
wt.%).

A sol-gel dip-coating process featuring aspects of slip casting was performed under clean
conditions, including (but not restricted to) Class 100 clean room conditions. Baseline solvent
(ethanol)-templated silica membranes were prepared using standard dip coating techniques (dip
coating rate = 7.6 cm/min) [71]. Surface derivatization was used to further alter some of the
resulting microporous silica membranes, although an HTO-like soluble intermediate (composed
of NaOH/methanol/ titamium isopropoxide sol in the appropriate stoichiometry to generate a
NaTi,0sH ion exchanger ) [72,73] was used in place of the pure titania coating solution (titanium
isopropoxide diluted in THF) utilized in previous studies [34,67]. Prior to the surface
derivatization step, the baseline silica layer was “pre-hydrolyzed” via soaking in deionized H,O
for 24 h. A second dip coating application was then used to apply the HTO precursor (after a 30-
fold dilution in THF), and the composite membrane was heated to 400°C for 3 h in air.

Surfactant-templated silica membranes were prepared using a multi-step procedure [74].
For enhanced microstructural characterization, some samples were prepared by dip coating
membranes onto single crystal silicon wafers ((100) orientation). To prepare actual surfactant-
templated silica membranes for permeation testing, an asymmetric alumina membrane support
tube was dip-coated using a silica sol containing the surfactant as described above. The
surfactant-templated silica membranes were calcined at 120°C for 1 h in air and were confirmed
to be impermeable to helium. Surfactant removal was accomplished by heating the tube at
500°C for 1 h in air. Some surfactant-templated silica membranes were further surface
derivatized to produce a composite membrane material. In this case, the as-prepared asymmetric
alumina membrane support tube with a surfactant-templated silica membrane sublayer was
further dip-coated using an A2** sol (no added surfactant) using the standard coating procedure.
The as-coated membrane tube was heated under vacuum at a rate of 1°C/min from room
temperature to 300°C. Permeation measurements were conducted after performing a standard
outgassing procedure (He purge at 80°C for 3 h).

Corresponding bulk xerogels were produced from the same sol precursors as the various
silica membrane materials for characterization by thermal gravimetric analysis (TGA),
differential thermal analysis (DTA) and nitrogen sorption porosimetry. A surface acoustic wave
technique (SAW) was used to determine pore accessibility of supported films [75]. Scanning
- electron microscopy and transmission electron microscopy (TEM) were used to determine the
morphology of membranes. Gas permeation measurements were performed in a pressure-
controlled (AP = 80 psia) single gas or gas mixture mode without any sweep gases [67,76,77]:
Flow rates were measured using a digital bubble flow meter. Gas compositions of the permeate
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and retentate were analyzed by on-line gas chromatography using a thermal conductivity detector
(TCD). The ideal separation factor (o) for various gas pairs was calculated from the ratio of
individual gas permeance values obtained from measurements with either single component
gases, equimolar binary gas mixtures, or a simulated reformate feed (nominal composition: 50
vol.% H, 1% CO, 15% CO,, and 34% N3).

Results and Discussion

Three major issues were initially addressed regarding the microporous silica ceramic
membrane technology: integration of HTO films using a surface derivatization approach, high
temperature performance of baseline silica membranes, and reproducibility of membrane
fabrication.

Low temperature single gas permeance measurements were performed on these
membranes both before and after HTO coating/heat treatment. The results obtained before HTO
coating and heat treatment are considered representative of baseline silica membranes. These
results, shown below in Figure 4, demonstrate that the permeance of all gases through the silica
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Figure 4. Low temperature single gas permeance measurement results for baseline silica
microporous membranes and HTO/silica composite membranes. For simplicity, the HTO/silica
composite membrane has been denoted as HTO/SiO; in the legend associated with the Figure.
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microporous membrane was decreased by the presence of the additional HTO layer. However,
concurrent with this decrease in permeance for the HTO/silica composite membrane is a slight
increase in the H; selectivity, determined by the ratio of the single gas permeance values of H,
versus the other gases (CH4 and N,). For example, the average ideal H,/CH, separation factor
(o) over the six data points shown in Figure 4 increased from ~22 for the baseline silica
membrane to ~29 for the HTO/silica composite membranes. These results are consistent with
more recent results (not shown herein) for surface derivatization of baseline silica microporous
membranes via pure titania coatings.

Figure 5 below shows a typical microstructure of an HTO/silica/Al,O3; composite
membrane prepared by this technique. In this case, the HTO layer has been designated TiO; and
the silica layer designated as Si0, for simplicity.

Figure 5. TEM photomicrograph showing a cross-section view of an HTOf/silica composite
membrane deposited on a commercial asymmetric alumina membrane tube.

In order to be used in conjunction with a dehydrogenation reaction, any membrane
material (including the underlying commercial asymmetric alumina tubular membrane) must be
stable to temperatures of 500-600°C that are typically used to drive the endothermic
dehydrogenation reaction toward products. Nevertheless, current technology for modifying the
alumina membranes had only been demonstrated at fairly low temperatures (200-300°C), and
efforts were devoted to developing films that could tolerate the severe temperature environments
encountered during dehydrogenation. In order to evaluate the preservation (or destruction) of the
overall pore structure of the microporous silica membrane and its resulting molecular sieving
capability, we performed high temperature single gas permeance measurements using baseline
(solvent-templated) silica membranes as part of a study evaluating propane dehydrogenation in
bulk catalyst/membrane separation systems [50]. These results, shown below in Figure 6,
demonstrated a relatively large difference in gas permeance between propane (C;Hg) and H; at
high temperature (ideal separation factor [a;] ~100). This data gives an excellent preliminary
indication of the ability of these membranes to perform high temperature separation of H, front
the typical products (i.e., alkenes and alkanes) resulting from alkane dehydrogenation reactions.
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Figure 6. High teinperature single gas permeance measurements for baseline silica membranes.

Regarding the reproducibility of membrane fabrication, it should be noted that the
“thermal cut-off” behavior initially believed to be a characteristic of these membrane materials in
baseline (solvent-templated) silica or composite titania-silica (by surface derivatization) forms
[34,67] has proven to be nonreproducible. This was determined from designed experiments that
were performed to isolate the effect of different silica precursor sources (TEOS suppliers) and sol
~ageing times on baseline (solvent-templated) silica membranes. Dip coating using these various -
sols was performed using two sets of conditions previously shown to produce silica membranes
exhibiting “thermal cut-off” behavior [67]: (1) a very dry (< 5 ppm H,O as evidenced by use of
di-ethyl zinc and TiCl, indicators) atmosphere in the glove box used for dip coating and (2) use
of a fan to assist drying of the dip-coated tubular membrane under ambient glove box conditions
(air flow through the annulus of the tubular membrane). The results shown in Figure 4 for the
baseline silica membranes are typical of the results observed in the further designed experiments.
It is clear from the data shown in Figure 4 that no discontinuity in permeance (e.g., “thermal cut-
off”) is observed for any given gas molecule as a function of temperature.
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This finding is significant because it was this “thermal cut-off” behavior, characterized by
a complete restriction of flow for gas molecules of various size as temperature was altered, that
enabled high H, selectivities to be obtained in the previous work [67]. The lack of
reproducibility of the “thermal cut-off” behavior previously observed ultimately led us to study
alternate membrane materials and fabrication techniques. Because more fundamental studies
involving membrane fabrication were necessary, we abandoned further attempts to integrate an
ion-exchangeable HTO film with the silica membrane materials. At some point in the future,
when it has been demonstrated that microporous silica membranes with both high selectivity to
H; and high H, permeance can be reproducibly fabricated, it would make sense to reevaluate the
possible integration of the HTO films with these materials.

Part of these new fundamental studies involved the examination of surfactant-templated
silica membrane materials, an outgrowth of work initially focused on using fugitive organic
templates to increase the volume fraction of porosity in the microporous silica membrane
membranes [35,36,78-80]. These new surfactant-templated silica materials showed great
promise since their high porosity, ordered pore structure yielded high permeance membrane
materials. Figure 7 is a TEM photomicrograph that shows the structure of a CTAB
(CH3(CH2)15N+(CH3)3B1") surfactant-templated silica membrane after calcination (to remove the
surfactant). This material consists of an ordered cubic liquid crystalline mesostructure, which in
Figure 7 is viewed along the [100] zone axis. An orthogonal arrangement of pores is present,
with a pore-to-pore distance of 7.9 nm. This illustrated that it was possible to use surfactant
templating to prepare microporous and mesoporous membranes with ordered unimodal porosity
(by virtue of silica/surfactant liquid crystal self-assembly during dip coating). Cubic films with

Figure 7. TEM photomicrograph of a surfactant-templated silica film as viewed along the [100]
zone axis. This photomicrograph demonstrates that the material consists of an ordered cubic
liquid crystalline mesostructure.
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3-dimensional pore channel systems are excellent candidates for inorganic membranes because,
similar to zeolites, the pore size is monodisperse, the pore tortuosity (transmembrane transport
path length/film thickness) equals one, and the pore volume fraction can be varied in the range of
30-60% {(compared to 10-20% for baseline [solvent-templated] silica membranes). The as-
deposited membranes (before surfactant removal) were leak tight and after calcination
(500°C/1h/air) the flux increased by over 3 orders of magnitude [74].

To be used for H, separation, the pore size (diameter) of the surfactant-templated silica
membranes needed to be reduced from > 1 nm to a target of < 0.4 nm by utilization of a surface
derivatization step, reducing surfactant molecule size, or perhaps collapsing micellar pores in a
controlled fashion. We investigated the use of a surface derivatization step using well-defined
metal alkoxide clusters to reduce the pore size of the topmost layer of the surfactant-templated
silica membrane. We hoped to limit the derivatized region to a very thin layer in order to achieve
composite membranes that retain the low pore tortuosity and unimodal pore size of the parent
surfactant-templated silica sublayer.

Surface derivatization of the C16 surfactant templated silica membrane was performed
using the A2** sol. This procedure produced composite membranes with increased low
temperature (< 200°C) H;, permeance values relative to baseline solvent (ethanol)-templated -
A2** sol-derived membranes and H,/CH, permselectivity values ranging from 90 to 200.
Although these were promising results, the large pore size (average pore diameter ~1.8 nm)
resulting from the initial C16 surfactant template limited the ability of the surface derivatization
technique to refine the pore size enough to enable the production of composite membranes with
high H, selectivities. For this reason, smaller surfactant molecules, like triethylhexylammonium
bromide, were used in an effort to generate ordered arrays of smaller pores. In principle, these
pores would still be large enough to allow high permeances to be obtained, but would be small
enough that surface derivatization techniques would be more effective in producing high H,
selectivities. The surfactant-templated silica membranes prepared using this C6 surfactant
produced an initial pore size (diameter) in the calcined film of 1.0-1.2 nm compared to the ~1.8
nm pores observed in the case of the C16 surfactant-templated silica films.

Although amenable to permeation or microscopic evaluation, thin film membrane
coatings are very difficult to characterize by conventional means (e.g., thermal analysis, surface
area, etc.) due to the limited quantity of material present. In order to perform more effective
materials characterization, bulk xerogel samples were prepared using the same chemistry as that -
employed to synthesize membrane coatings. For the as-prepared C6STS xerogel, differential
thermal analysis (DTA) showed that an endothermic peak near 200°C corresponded to the
beginning of a drastic weight loss indicating the decomposition of the Cé6-surfactant template.
An exothermic peak at around 350°C, accompanied by a weight loss of about 45%, signified the
oxidative pyrolysis of surfactant and residual organics (see Figure 8). N sorption isotherms of
the calcined C6STS thin film (calcined at 500°C for 1 h in air), determined using a surface
acoustic wave (SAW) technique, appeared to be Type I, characteristic of microporous materials
(data not shown).
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Figure 8. Weight loss and heat evolution of C6STS xerogel during thermal gravimetric analysis
(TGA) and differential thermal analysis (DTA) in air (1 atm) at a heating rate of 2°C/min. The
dashed lines indicate the calcination temperatures used to prepare materials for nitrogen
adsorption and gas permeation measurements.

This new processing procedure (C6 surfactant templating + surface derivatization using
an A2** sol) resulted in both high flux and selectivity for the membranes with gradual changes
of pore size (diameter) from 5.0 nm (commercial y—alumina support layer) to 1.0-1.2 nm
(surfactant-templated silica sublayer), and then to 0.3-0.4 nm (ultramicroporous silica top-layer)
[81]. Electron micrographs which illustrate the cross-section and the surface of the supported
composite silica membrane are shown in Figure 9. The thickness of the defect-free
ultramicroporous A2** layer was around 30 nm.

(@

Figure 9. Cross-sectional electron micrographs of a silica membrane prepared by C6 surfactant
templating + surface derivatization: (a) SEM overview of the membrane, (b) TEM micrograph
reveals the detail of the separate silica layers. -
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The C6STS sublayer may serve to (1) eliminate intrinsic defects on commercial porous
supports and promote pore uniformity; therefore, increasing selectivity, or (2) prevent penetration
of a subsequently deposited ultramicroporous membrane (e.g. A2** sol-derived membrane with
a pore size [diameter] of 0.3-0.4 nm), thus enhancing flux. We compared gas permeances and
selectivities for A2** membranes with or without a C6STS sublayer. After standard vacuum
calcination at 300°C, the membrane with a sublayer exhibited four-fold higher CO, permeances
and four-fold higher CO,/CH, selectivities than that without a sublayer at 60°C in a pure gas
permeation measurement. The vacuum calcination procedure apparently resulted in the
decomposition of surface ethoxy groups; therefore, an inner pore surface with better
hydrophobicity might have been formed as evidenced by an increase in water contact angle on
the membrane surface (data not shown herein). The membrane was capable of discriminating
gas molecules such as He (kinetic diameter 0.26 nm), H; (0.289 nm), CO, (0.33 nm), CH4 (0.38
nm), and N, (0.364 nm) via a molecular sieving mechanism. Ideal separation factors (ratio of
single gas permeance values) for various gas pairs (e.g., oy (CO,/CHy) = 102) significantly
exceeded Knudsen separation factors (e.g., ok (CO»/CHy4) = 0.6). Moreover, due to selective
adsorption of CO,, a remarkably high CO; permeance (3.2 x 10 cm*(STP)/[s-cm®-cm Hg]) and a
CO,/CHy, separation factor of 200 was achieved at 26°C for an equimolar CO,/CHy4 gas mixture.
The combination of high permeance and high selectivity exceeded that of the best known gas
separation membranes (e.g., asymmetric polyimide with a typical CO,/CH, separation factor of
55 and a CO, permeance of 1.7 x 10 cm*(STP)/[s-cm*-cm Hg]) on the market [82].

The above membrane was further calcined at 450°C for 1 h in air. Single gas permeation
results at 80°C are shown in Figure 10. Due to the extended calcination, the pore size of the
membrane was further reduced, resulting in a sharp molecular size cut-off at ~0.35 nm. With an
excellent hydrogen separation factor (H,/CH; = 1265) as well as a high hydrogen permeance
(1x102 cm*(STP)/[cm’-s-cm Hg]), such a membrane provides a great opportunity in applications
such as hydrogen recovery from petrochemical plants and hydrogen purification for fuel cells.
The membrane selectively separated H, from a simulated reformate gas feed (33.98% N,
15.00% CO3, 0.997% CO, balance Hj) for fuel cells as evidenced by the high concentration of
hydrogen recovered in the permeate side stream (see Table 1). A 92 mole% H, purity could be
obtained in the permeate stream at a stage-cut of 8.2% (stage-cut is defined as the ratio of the
permeate to feed volumetric flow rates). The CO concentration (CO is a known PEM fuel cell
poison) in the permeate was reduced at least a factor of fifty times relative to the simulated
reformate feed. The observed selectivities in this experiment with a simulated reformate feed are
more realistic than the calculated ideal selectivity values from the single gas permeance
measurements shown in Figure 10.
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Figure 10. Molecular sieving behavior of an A2** sol-derivatized C6STS membrane calcined at
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450°C for 1 hin air. The ideal separation factor, oy, represents the ratio of permeance values
(measured in single gas permeance tests) for the two specified gases.

Table 1. Permeances of components of a simulated reformate product gas mixture* at 80°C.

Gas1i Permeance x 10° Separation Pure gas Permeate | Retentate
(cm® Factor permeance (mole%) | (mole%)
(STP)/s-cm’-cm Hg) | (Hx/Gas i) ratio

H, 507 - - 92.19 43.25

CO, 101 5.0 5.2 7.36 16.89

N, 2.15 235.9 316.0 0.37 40.47

CO 3.83 132.2 198.6 0.0193 1.14

Notes:

* Simulated reformate feed gas mixture composition: 50.023% H,, 15% CO,, 33.98%N,,
0.997% CO.

A tube-side pressure of 80 psig was used for all measurements.
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Summary

This study determined that it was possible to integrate ion-exchangeable HTO films into
the structure of composite microporous ceramic membranes and that the baseline (solvent-
templated) silica membranes still exhibited molecular sieving behavior at high temperatures (>
400°C). Unfortunately, it was also determined that the “thermal cut-off” behavior previously
observed for both baseline silica and surface derivatized silica (titania/silica) was non-
reproducible.  This finding resulted in a return to more fundamental studies related to
microporous ceramic membrane fabrication.

The quality of the support is crucial to the quality of overlying membrane layer. Pinholes
and surface roughness on the support normally produce defects in the subsequently deposited
layer. We designed a new protocol to improve membrane performance and reproducibility.
First, we deposited a surfactant-templated microporous or mesoporous intermediate layer on top
of a commercial asymmetric alumina membrane support to both improve surface finish and
prevent the subsequently deposited silica sol used for surface derivatization from penetrating into
the support. Second, membranes were dip-coated under Class 100 clean room conditions to
avoid dust contamination and were calcined to promote further pore shrinkage. This new
procedure resulted in both high flux and selectivity for the membranes with gradual changes of
pore size (diameter) from 5.0 nm (commercial y—alumina support layer) to 1.0-2.0 nm
(surfactant-templated silica sublayer), and then to 0.3-0.4 nm (30 nm thick, ultramicroporous
silica top-layer). The subject membranes are capable of molecular sieving and could find great
use in applications such as purification of subquality natural gas, reduction of green house gases
(e.g. COy) and hydrogen recovery from processing gases and feedstocks.

Chapter Il. Bulk Catalyst Development Efforts

Experimental

Silica-doped sodium titanate supports were prepared using previously described sol-gel
methods. [65,66,72,73,83]. In all cases, the Na:Ti ratio was adjusted to a value of 1:2 to
maximize ion exchange capacity and tetraethyl orthosilicate (TEOS) was added to give a Si:Ti
ratio of 1:5. The presence of silica greatly stabilizes support surface area during subsequent high
temperature processing. The empirical formula for this as-prepared silica-doped sodium titanate
ion exchanger is NaTi,0OsH:0.4 Si0,, while the acronym HTO:Si is generically used to describe
the final catalyst support.

HTO:Si-supported Cr catalysts [63] were prepared by first equilibrating the
NaTi;05H:0.4S10, material at a desired pH ranging from 5.2-7.5 using HCl, then adding a
solution of the metal salt (0.12 M Cr(NOs)3) containing a two to three-fold excess of metat
(beyond the theoretical ion exchange capacity of the NaTi,OsH:0.4 SiO, support) with mild
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stirring. After one hour, the resulting Cr/HTO:Si was filtered, washed with water and acetone,
~and dried under house vacuum (3-5 in. Hg) at room temperature. Separate acidification
procedures were not necessary to remove residual non-exchanged Na® from the catalyst
precursors due to the combination of the large excess of Cr™ used in the ion exchange procedure,
the long equilibration time allowed for cation exchange, and the relatively low pH used for ion
exchange.

To prepare HTO:Si-supported Pt-based catalysts, a single large batch of a nominal 1 wt.%
Pt/HTO:S1 catalyst material (calcined basis) was prepared and subsequently doped with Sn and
Re to prepare Pt-Sn/HTO:Si and Pt-Re/HTO:Si catalyst materials. The initial 1 wt.% Pt/HTO:S1
catalyst material was prepared using standard techniques [84]. Briefly, 0.96 g of Pt(NH3)s(NOs),
was dissolved in 750 ml of deionized water, and 80 g of NaTi,OsH:0.4 SiO, powder was added
to form a slurry. Following slurry formation, the pH was lowered to 5.5 using 10 wt.% HNO;
and held there for 10 min by adding 10 wt.% HNO; dropwise as needed. The slurry was then
filtered using a coarse porosity glass frit Buchner funnel and rinsed with DI water. Because this
Pt loading represents only a small portion of the overall cation exchange capacity of the
NaTi,OsH:0.4 SiO; material, the initial ion exchange product material contained a relatively
large quantity of residual sodium (> 2 wt.%). Therefore, separate acidification was required to
remove this residual sodium to produce a low sodium (< 0.5 wt.% Na* on a calcined basis)
Pt/HTO:Si catalyst material. For acidification, the filter cake from the original ion exchange
procedure was redispersed in 750 ml DI water to form a slurry and then additions of 10 wt.%
HNO; were used to lower the pH of the slurry to 3.9, where it was held for a period of 3 min.
Following this treatment, the slurry was filtered and rinsed with deionized water as described
above. The acidification procedure was repeated a total of three additional times. After the final
acidification and water rinse, the filter cake was rinsed three times with acetone and vacuum
dried at room temperature.

Catalyst precursor materials were analyzed for metal content by atomic absorption
spectrophotometry (AAS), volatiles contents were determined by weight loss measurements in
conjunction with standard calcination treatments, and surface areas were measured by N
adsorption using the BET method (both before and after standard calcination treatments). The
as-prepared catalyst precursor powders were granulated to a size range of -60/+80 mesh. This
was accomplished by first pressing a 1.125 in. dia pellet (~2 g) using a pressure of 12 kpsi. Light
grinding with a mortar and pestle was then used to generate the desired mesh fraction. The Pt-
based/HTO:Si catalyst granules were calcined at 600°C for 2 h (heating rate = 5°C/min up to
550°C, then 1 °C/min from 550 to 600°C) in stagnant air.

Pt-Re/HTO:Si and Pt-Sn/HTO:Si catalysts (both containing 1:1 weight ratios of Pt:Re or
Sn) were prepared by doping the calcined PtHTO:Si granules with appropriate Re and Sn
precursors, respectively. In the case of the Pt-Re/HTO:Si catalyst, 0.07 g of NHsReO, was
dissolved in 4.4 ml deionized water, with the resulting solution carefully added to 5.0 g of
calcined Pt/HTO:Si granules. After overnight drying at room temperature in air, followed by
drying at 100°C in air for 2 h, the Pt-Re/HTO:Si catalyst precursors were calcined at 600°C for 2
h in stagnant air as previously described. In the case of the Pt-Sn/HTO:Si catalyst, 5.0 g of
calcined PVHTO:Si granules were impregnated using 4.4 ml of a solution of a 0.095 M Tin (IV)
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2,6-bis-isopropylphenoxide (Sn[2,6-OC¢H3(CH(CH3);):]4) in toluene. Subsequent drying and
calcination treatments were identical to those previously described for the Pt-Re/HTO:Si catalyst.

In the case of the Pt-based/HTO:Si catalysts, all granulated samples loaded into the
reactor for testing were previously calcined at 600°C. In contrast, the Cr/HTO:Si catalyst
granules were loaded into the reactor in the as-prepared form (without any heat treatment above
room temperature) and heat treated in situ prior to catalyst testing. Consequently, significant
catalyst weight loss and shrinkage of the catalyst bed volume in the flow reactor were observed
for the Cr/HTO:Si catalysts relative to the Pt-based/HTO:Si catalysts, which exhibited no
significant shrinkage. In all cases, space velocity values are referenced to the final catalyst bed
volumes or weights as appropriate.

Activity measurements were made in a conventional atmospheric pressure packed bed
flow reactor shown schematically in Figure 11 [63,85]. Gases were fed through calibrated mass
flow controllers and up to two gases could be fed at any time (only one mass flow controller is
shown in the figure for clarity). The system was capable of handling both gas and liquid feeds,
with an HPLC pump used to control liquid feed rate. Only liquid feeds, either pure isooctane or
pure n-heptane, were used in this study. The reactants entered a high temperature oven, and were
preheated and mixed (if multiple feeds were used) in a 1/8 in. dia coiled stainless steel tube at the
reactor inlet. The preheated reactants then entered a 3/8 in. dia stainless steel tube (wall
thickness 0.065 in.) containing the packed catalyst bed. The catalyst was supported on a fine
steel mesh located at the bottom of the reactor. Depending on catalyst density, volatiles content,
and estimated shrinkage, 2-4 g of granulated (-60/+80 mesh) catalyst were typically used to give
a nominal final catalyst bed volume of 3.6 cc. Actual final catalyst bed volumes ranged from
3.1-4.1 cc. Reactant flow rates were adjusted to provide weight hourly space velocity (WHSV)
values of 0.6-3.0 g feed/(g catalyst-h), using the final weight of the catalyst sample (after testing)
as a reference. This helped normalize differences in volatiles content among the various
samples. The corresponding range of liquid hourly space velocity (LHSV) values was 0.8-3.8 cc
feed/cc catalyst-h). Reaction temperature ranges utilized for this study were 590-600°C for
isooctane dehydrogenation experiments, and 525-575°C for  n-heptane
dehydrogenation/dehydrocyclization. Afier exiting the reactor, product gases were exhausted
through the sample loop of a gas chromatograph, where C1-C4 hydrocarbons were analyzed
relative to known standards using a flame ionization detector (FID). Since this gas
chromatograph was not equipped with a TCD, no direct measurements of H, production could be
made. Liquid samples were condensed by cooling with an ice bath, and the collected liquids
were analyzed by gas chromatography using an FID and mass spectrometry relative to known
standards. Reactor temperature was measured by three thermocouples externally attached to the
top, middle, and bottom of the reactor, and one thermocouple located inside the reactor at the
bottom of the catalyst bed. No significant differences were ever observed among the four
thermocouples indicating that the reactor operated in an isothermal mode. In addition to the
Cr/HTO:Si and Pt-based/HTO:Si catalysts, a commercial 7.5 wt% Cr/y-ALbO; catalyst (Girdler
G-41, supplied by United Catalysts, Inc.) was also tested as a benchmark.

25




GAS FEED

OVEN

HPLC
PUMP

LIQUID FEED

THERMOCOUPLES

Figure 11. Schematic diagram of conventional packed bed dehydrogenation reactor.

A typical reaction sequence began with heating of the catalyst bed to reaction temperature
in flowing nitrogen. Once temperature was reached, the nitrogen flow was stopped and reactant
flow begun. Product stream sampling and analysis for both gas and condensed liquid species was
typically performed at 20 min intervals. For the Pt-based/HTO:Si catalysts, reduction treatments
in pure hydrogen (at 500-550°C for 0.5-1 h) were used to activate the catalysts in situ prior to
dehydrogenation testing. For all catalysts, air oxidation at 550°C for times ranging from 10 min
to 2 h was used to regenerate the catalysts at periodic intervals. After completion of a reaction
sequence, the reactant flow was shut off and the reactor was cooled to room temperature in
flowing nitrogen. After conclusion of a reactor test, the catalyst was removed from the reactor
and saved for surface area analysis.

Results and Discussion

Preliminary Isooctane Dehydrogenation Screening Experiment

For this initial screening experiment, a 1.6 wt.% Fe/HTO:Si catalyst (EBL87, Fe loading
reported on an as-prepared basis) previously used for ethylbenzene dehydrogenation (to styrene)
[63,64] was evaluated for hydrogen generation via isooctane dehydrogenation to olefin products.
The most likely liquid isooctane (2,2,4-trimethylpentane) dehydrogenation products are 2,4,4-
trimethyl-1-pentene and 2,4,4-trimethyl-2-pentene, with reaction to each of these products
generating one mole of Hy. At a reaction temperature of 600°C and a WHSV of 0.5-1.5 h'l, less
than 2% of the total isooctane fed to the reactor as liquid was converted to liquid dehydrogenated
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products. However, significant conversion of isooctane to gaseous products was observed,
indicating the presence of cracking reactions. These cracking reactions were undesirable since
they produced non-selective products (C1-C5 alkanes and alkenes) which not only significantly
reduced the hydrogen yield, but ultimately required separation from the desired H; product. The
presence of extensive branching in isooctane and the absence of multiple C-C single bonds that
can be dehydrogenated not only resulted in a low ratio of dehydrogenation to cracking, but also
limited the total amount of hydrogen that could be produced (even if cracking was eliminated).

Our results were a bit surprising since it has been reported that trimethylpentanes reacted
over chromia/alumina [86,87] form xylenes via skeletal rearrangement (isomerization) and
aromatization reactions. The active phase (iron oxide) and the HTO:Si support are significantly
different from a chromia/alumina catalyst and could possibly explain our observed results.
Rather than further pursue the isooctane dehydrogenation strategy, we chose to focus our
attention on the use of n-heptane dehydrogenation/dehydrocyclization as a model reaction.

Heptane Dehydrogenation/Dehydrocyclization Experiments

The dehydrogenation/dehydrocyclization of n-heptane is a more suitable choice as a
model reaction for catalyst testing for two reasons: 1) it yields a significant quantity of hydrogen;
and 2) it has been well studied. The conversion of normal alkanes to aromatic compounds
represents an important class of catalytic reforming reactions, which are primarily used to
produce high research octane number (RON) branched or aromatic compounds to improve the
antiknock properties of gasoline blends. This is dramatically illustrated by comparing the RON
values for the C7 hydrocarbons n-heptane (0) and toluene (124) [68,69,86].

The net chemical reaction for dehydrogenation/dehydrocyclization of n-heptane to

toluene is illustrated below in Figure 12.
— Qe

C7H1 6 . C7H8
n-heptane toluene

Figure 12. Net chemical reaction for dehydrogenation/dehydrocyclization of n-heptane to
toluene.

Several different types of reactions can occur in a dehydrocyclization scheme (e.g., the
formation of toluene from n-heptane); different catalytic sites can be involved, including metallic
active sites (e.g., Pt or Cr203) and acidic sites on the support. Under typical reforming conditions
(high operating pressures including a significant partial pressure of Hy), possible reaction paths
can include a metallic monofunctional path, a metallic bifunctional path, and an acid bifunctional
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path, depending on the specific catalyst/support characteristics and reaction conditions [69,88].
The metallic monofunctional path involves a single metallic active site and a cyclohexanic
intermediate which can be rapidly dehydrogenated to form toluene, although several groups still
postulate a mechanism involving paraffin dehydrogenation to diolefin or triolefin species before
cyclization [89]. For example, over chromia/alumina catalysts, Steiner [87] has shown that
dehydrogenation reactions are suppressed by H,, resulting in direct n-heptane cyclization to form
a naphthene (six carbon member ring) intermediate (e.g., methylcyclohexane), consistent with
this metallic monofunctional route. The metallic bifunctional pathway involves both metallic
and acid active sites, with cyclization of a 5 carbon ring intermediate (e.g., ethylcyclopentane or
dimethylcyclopentanes) on the metallic site followed by gas phase migration to and ring
expansion on the acid site (carbonium ion mechanism), and a final dehydrogenation step on the
metallic site. The acid bifunctional pathway is supposed to take place on acid sites via olefins or
diolefins produced from paraffin. Acid sites become increasingly important at higher reaction
temperatures (> 425°C) [90]. For all of these routes, cyclization is believed to be the probable
rate determining step. In contrast, for the use of neat n-heptane feeds run over chromia/alumina
catalysts at or near atmospheric pressure (nontypical reforming conditions), it has been shown
that an initial slow catalytic dehydrogenation step to produce an olefin (e.g., 1-heptene) occurs,
followed by a rapid cyclization step to produce toluene [86,87].

Catalysts based on alumina-supported metal oxides of the titanium, vanadium, and
tungsten groups of the periodic table [86,87], as well as supported Pt-based catalysts [69,89-92],
are well known to promote the dehydrogenation/dehydrocyclization reactions of normal alkanes
[86,87]. A significant complicating factor affecting catalyst performance (activity, selectivity,
and deactivation) is the fact that different types of metallic, metal oxide, and acid active sites
have the ability to catalyze a wide range of possible competing reactions, including
hydrogenolysis or cracking (cleavage), isomerization (cationic skeletal rearrangements), and
hydrogenation. Aromatics are the most stable hydrocarbon species at temperatures above 250°C,
and above 400°C equilibrium is displaced far enough toward aromatic products that even
considerable pressures of H, do not significantly suppress dehydrogenation reactions [87].
Typical reaction conditions involve temperatures in the 450-550°C range and a wide range of
pressures [68]. No equilibrium limitations exist (at atmospheric pressure) for the n-heptane
dehydrogenation/dehydrocyclization reaction to toluene at 550°C. Part of the rationale for using
this particular reaction temperature (550°C) was to compare the n-heptane
dehydrogenation/dehydrocyclization results to previous propane dehydrogenation test data
obtained at 550°C, for which equilibrium limitations exist.

Supported Cr Catalysts

The active phase in supported Cr catalysts is generally acknowledged to be chromium
oxide (Cr,03), which 1s also referred to as chromia. Although descriptors such as Cr/ALOs,
chromia/alumina, or Cr/HTO:Si will be used interchangeably in this report to denote the
respective catalyst formulations, these different terms do not imply that distinct supported Cr
active phases exist in each case. As stated above, it is expected that Cr,O; is the active phase in
all of the supported Cr catalysts studied herein.
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Commercial Benchmark Catalyst - Girdler G-41 Cr/ALO;

This material was a 7.5 wt.% Cr/y-Al,O; catalyst material (Girdler G-41, supplied by
United Catalysts, Inc.) and was considered an effective benchmark representative of commercial
dehydrogenation catalysts. This Cr loading is equivalent to ~11 wt.% Cr,Os. The primary
application of this catalyst is for hydrodealkylation of toluene to benzene or substituted
naphthalenes to naphthalene [93].

_ Heptane dehydrogenation/dehydrocyclization testing of this catalyst immediately
followed propane dehydrogenation testing performed in conjunction with a separate project [85].
Experience with other supported Cr catalysts has shown that initial propane dehydrogenation
testing does not significantly alter catalyst test results in subsequent heptane
dehydrogenation/dehydrocyclization tests. For this catalyst, propane conversions to propylene at
550°C were found to be equilibrium limited (25-30% conversion), with a selectivity of 83-90%,
illustrating the effectiveness of this dehydrogenation catalyst. Theoretical calculations based on
thermodynamic data indicate an equilibrium conversion of 30% at a temperature of 540°C for
propane dehydrogenation to propylene [86,94].

Following propane dehydrogenation testing, the reactor was purged with N, for 100 min
at 550°C, while the HPLC pump was flushed and primed with the heptane liquid feed. Afier
initial heptane dehydrogenation/dehydrocyclization testing as a function of time-on-stream, the
heptane flow was terminated, a N; purge was performed, and an air regeneration step at 550°C
for 1 h was performed. Heptane dehydrogenation/dehydrocyclization testing was then continued
after a subsequent N, purge. Several sequential regeneration cycles were performed, followed by
heptane dehydrogenation/dehydrocyclization testing at alternate temperatures (525 or 575°C) or
weight hourly space velocities (WHSV, ranging from 2.0-3.0 g heptane/g catalyst-h).
Unfortunately, no blank experiments without catalyst loaded in the tube or with the various
catalyst support materials were performed to determine whether thermal reactions, reactions
occurring on the reactor tube walls, or reactions occurring on the support (i.e., acid sites) were
important relative to the contribution of the active phase. However, based on previous propane
[85] and isobutane [63] dehydrogenation experiments, the effect of the catalyst was expected to
dominate all other possible contributions.

Table 2 summarizes the n-heptane dehydrogenation/dehydrocyclization results obtained
with the Girdler G-41 catalyst. This catalyst shows reasonable activity for heptane conversion to
toluene that is stable with a number of air regeneration cycles. One of the key parameters shown
in Table 2 is the toluene selectivity, which indicates the mole % of the original n-heptane feed
converted to toluene. This is the most desired liquid product since n-heptane conversion to
toluene as described by Figure 12 yields significant amounts of H,. However, the data shown in
Table 1 show that significant nonselective side reactions are occurring since only 35-50% of the
total n-heptane fed to the reactor is converted to toluene. This could possibly be attributed to
significant contributions of acid sites on the high purity y-Al;O3; support toward cationic skeletal”
rearrangements and cleavage reactions. This is consistent with the large amount of gaseous
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products observed at all reaction conditions for this catalyst and also the high concentration of
C1-C4 alkanes (relative to alkenes) present in this gas product. These high alkane/alkene ratios
(3 to 4.5) in the gaseous products might also result from the fact that some hydrogen generated
by the dehydrocyclization reaction is consumed to rehydrogenate product alkenes or to “cap”
cracking products. Comparison of the toluene and total combustible liquid yield data in Table 2
indicates that most of the product liquid analyzed after condensation is composed of toluene.

Table 2. Heptane dehydrogenation/dehydrocyclization results obtained with the Girdler G-41 7.5
wt.% Cr/y-Al,Os catalyst.

Total Total Total . Total Alkane

Reaction Heptane | Combustible | Toluene | Toluene in Gas

Stageof | Temp. | WHSV | Conversion | Liquid Yield | Yield | Selectivity | Product
Testing' | (°C) | () (%)® (%)’ (%)* (%) (%)*
Initial* 550 2.04 67.1 31.6 26.5 39.4 78.8
Regen. #1 550 2.04 62.1 36.4 30.5 49.1 NA
Regen. #2 550 2.04 59.6 33.0 27.2 45.5 80.8
Regen. #3 525 2.04 47.2 27.2 19.2 40.7 NA
Regen. #4 575 2.04 76.1 27.0 22.9 30.1 NA
Regen. #5 550 2.96 44.0 27.6 19.2 43.8 NA

Notes:

* All tabulated values represent data corresponding to a time-on-stream of 40 min for the

specified conditions, except for the higher WHSV condition (2.96 h™"), where the data correspond
to a time-on-stream of 30 min. _
@ Total heptane conversion is based on the disappearance of heptane into both liquid and gas

products.

* Total combustible liquid yield is based on the moles of heptane reacted to produce liquid

products.

% Total toluene yield is based on the moles of heptane reacted to produce toluene.
" Total toluene selectivity represents the moles of toluene produced relative to the total moles of
heptane converted to both liquid and gas products.
& o4 alkanes in the gas product was determined by the concentration of C1-C4 alkanes present in
the gas product relative to all gaseous species produced.
* Initial heptane dehydrogenation/dehydrocyclization testing followed propane dehydrogenation
testing at 550°C and air regeneration. No significant catalyst deactivation was observed due to

propane dehydrogenation testing.

Toluene comprised 75-85% of the liquids collected with the remainder (listed in order of

decreasing concentration) consisting of small quantities of benzene (dealkylation product),
various heptenes (dehydrogenation intermediates), dimethylcyclopentanes (C5 cyclization

pathway products), and pentanes (cracking or dealkylation products). The presence of benzene is
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not a surprise since the primary application of the Girdler G-41 catalyst is for hydrodealkylation
of toluene to produce benzene [93].

Steiner has extensively reviewed the literature with respect to aromatization reactions
over supported Cr catalysts [87]. Typical laboratory conditions for aromatization of neat n-
heptane feeds at near atmospheric pressure involve temperatures ranging from 450-550°C. At
475°C, gas contact times of a few sec to ~1 min yielded conversions of n-heptane to toluene of
95%, with < 5% of the feed converted to cracking products. Only unconverted n-heptane, 1-
heptene, and toluene were observed in the condensed liquid effluent from the reactor [87,95].
Higher temperatures are reported to lead to nonselective cracking reactions. Pines has also
pointed out the importance of using alkali metal additions to alumina supports to poison acid
sites, decreasing the selectivity toward cracking reactions [86]. Our study utilized a high purity
(non-alkali metal containing) y-AlOs-supported Cr catalyst with short gas contact times (5-10
sec) at relatively high temperatures (525-575°C). The combination of the significant acid sites
on the Girdler G-41 alumina support and the high temperatures utilized probably led to
significant nonselective cracking reactions and decreased performance relative to previous
literature studies.

The reaction temperature had significant effects on catalyst performance. Calculation of
the apparent activation energy from the total heptane conversion data at 525-575°C yielded a
value of ~13 kcal/mole. Although total heptane conversion increased significantly over this
temperature range, the production of toluene was optimized at 550°C, which validated the
selection of this reaction temperature as the standard condition. Increasing the WHSV by
increasing the heptane flow rate to the reactor had a predictable effect on total heptane
conversion, even though the observed conversions were high with respect to typical differential
operation conditions (< 10% conversion). Under differential operation conditions in a plug flow
reactor, conversion should be inversely proportional to the reactant flow rate. Appropriate
calculations comparing the total heptane conversion observed for the final stage of testing at a
WHSV of 2.96 h' and 550°C (44.0%) show excellent agreement with that predicted using the
differential reactor operation assumption in conjunction with the overall average total heptane
conversion for the first three stages of testing (see Table 2) at a WHSV of 2.04 h'! and 550°C
(43.8%).

Table 2 does not show data relative to catalyst deactivation as a function of time-on-
stream at a given reaction temperature. Deactivation data for this catalyst will be presented in
the next section on Cr/HTO:Si catalysts so that the performance of the two types of catalyst
materials can be compared. With this overall test data as a baseline, a series of Cr/HTO:Si
catalysts were synthesized and evaluated with the goal of obtaining higher conversions and
hydrogen generation rates than the commercial Girdler G-41 7.5 wt.% Cr/y-Al,Os catalyst.

Cr/HTO:Si Catalysts

Figure 13 shows the chromium loading versus pH for the four Ct/HTO:Si samples
studied. The Cr loading was found to increase in a quasi-linear fashion with loading pH. Cr
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loading varies by nearly a factor of two over the range of pH studied. This increase in Cr loading
with increasing pH is likely explained by either more effective Cr*> exchange for Na* (relative to
H" exchange for Na") at higher pH or perhaps by the formation of cationic hydrolyzed Cr species
of various charge at the higher pH conditions [96], which also can participate in cation exchange
reactions. However, localized polymerization/precipitation of Cr species at the surface of the
HTO:Si material is also possible at higher pH. All of the as-prepared Cr/HTO:Si catalysts had
very low levels (< 0.1 wt.%) of residual Na®, indicating nearly complete Na™ removal from the
original NaTi,OsH:0.4 SiO; ion exchange material.
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Figure 13. Varation of chromium loading on HTO:Si supports with pH used during the cation
exchange procedure.

Figure 14 shows the heptane dehydrogenation/dehydrocyclization activity (in terms of
both total and specific [per g Cr] heptane conversion) of the Cr/HTO:Si catalysts at 550°C
normalized to a constant weight hourly space velocity (WHSV) of 2.0 h’'. These values
represent the initial activity data for the catalysts (time-on-stream = 30 min). Note that no blank
run (no catalyst) was performed for the n-heptane dehydrogenation/dehydrocyclization reaction;
therefore, no data is reported for 0% Cr loading as in previous work [63,85]. The data show that
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increased Cr loading had only a slight effect on total heptane conversion over the range of
loadings studied, with optimum activity observed for Cr loadings in the 2-2.5 wt.% (calcined
basis) range. However, it can be noted that these conversion values are significantly lower than
that obtained for the Girdler G-41 7.5 wt.% Cr/y-Al,O; catalyst, which is included in Figure 14
for comparison.
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Figure 14. Initial total and specific (per g Cr) heptane dehydrogenation/dehydrocyclization
activity of Cr/HTO:Si1 and Girdler G-41 7.5 wt.% Cr/y-Al,O; catalysts at 550°C, WHSV =2.0
h™'. Filled symbols correspond to total heptane conversion data while open symbols correspond
to specific heptane conversion data. Circular symbols correspond to Ct/HTO:Si catalyst data
while square symbols correspond to the Girdler G-41 catalyst data.

Examination of the specific heptane conversion data shown in Figure 14 reveals a steady
decrease 1 activity with increasing Cr content for the Cr/HTO:Si catalysts. It should be noted
that this decrease in specific activity also corresponds to an increase in the slurry pH used for the
Cr* ion exchange step. This behavior could therefore be the result of differences in the chemical
state of the Cr loaded at different pH values, or due to the formation of larger, less well-dispersed
Cr,05 particles at higher pH, which would offset the effects of higher Cr loading. However, the
steady decrease in specific activity with increasing Cr loading is very consistent with the decrease
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in dispersion of the active Cr phase expected with increased Cr loading. Transmission electron
microscopy (TEM) or some other independent evaluation of Cr dispersion (e.g. magnetic
susceptibility [87]) would be required to verify this speculation. Nevertheless, the fact that
overall heptane conversion activity significantly decreases with increasing Cr loading makes it
unlikely that further improvements could be achieved in the Cr/HTO:Si catalysts. Similar trends
in specific catalyst activity have previously been observed for Cr/HTO:Si catalysts used in both
propane and isobutane dehydrogenation experiments, although overall catalyst activity was
insensitive to Cr loading in these two previous cases [63,85].

Although not shown in Figure 14, it is worth noting that toluene selectivities were not
significantly affected by increased Cr loading for the Cr/HTO:Si catalysts. Increased Cr loading
on the HTO:Si ion exchangers was effected by increasing the pH at which the HTO:Si was
equilibrated prior to Cr exchange. Therefore, increases in Cr loading could possibly have been
accompanied by a decreased acidity of the catalyst and therefore a decrease in the fraction of the
feed stream converted to gaseous products by cracking reactions. However, it 1s possible that the
effect of the decreased Cr dispersions observed with increasing Cr loading (as evidenced by the
significant decreases in specific activity with increasing Cr content shown in Figure 14)
dominated any possible changes in support acidity for the Cr/HTO:S1 catalysts with higher Cr
loadings.

These results are not consistent with the case of Fe/HTO:Si catalysts for ethylbenzene
dehydrogenation [63,64], where a very sharp maximum in bulk activity with increasing iron
loading was observed at a loading of ~1.6 wt.% (as-prepared basis). This maximum was
attributed to the formation of a particular ion-exchanged iron species within a very narrow pH
window. The slightly higher total heptane conversion observed in the 2-2.5 wt.% Cr loading
range is far less dramatic than that observed in the case of the Fe/HTO:Si catalysts used for
ethylbenzene dehydrogenation [63,64].

It is obvious from the heptane conversion data described above that the Cr/HTO:Si
catalysts compared poorly with the commercial Girdler G-41 7.5 wt.% Cr/y-Al,O3 catalyst.
Corresponding total toluene selectivities also compared unfavorably with the Girdler G-41
catalyst; values of only 10-20% were achieved at these reaction conditions for all Cr/HTO:Si
catalysts. These overall toluene selectivities corresponded to ~50% selectivity to toluene in the
liquid products, significantly lower than that observed for the Girdler G-41 catalyst (~75%).
Consistent with this fact, a large number of small peaks were observed via gas chromatography
of the liquid products; however, time was not taken to identify all of these individual species
since the activity of the Cr/HTO:Si catalysts was low relative to the Girdler G-41 catalyst. The
Cr/HTO:Si materials yielded gaseous alkane/alkene ratios of only 2 to 3, lower than those
observed for the commercial Girdler G-41 catalyst (see Table 2). This indicated that these
Cr/HTO:Si catalysts may rehydrogenate a smaller fraction of the alkene products. Overall, the
low toluene and combustible liquid yields observed for the Ct/HTO:Si catalysts indicate a strong
presence of cationic skeletal rearrangement and cleavage (cracking) reactions, therefore
decreasing the selectivity of the catalyst toward aromatization. This might be due to the presence
of acid sites in the HTO:Si support resulting from Ti-O-Si bonding [66]. Since lower Cr
loadings were used for these catalysts this might lead to a lower fraction of the HTO:Si1 support
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surface being covered with the active Cr phase, thercfore allow greater acid site participation in
the non-selective (to aromatization) conversion of n-heptane.

Several possible explanations exist to explain the difference in activity and selectivity for
the Cr/HTO:Si catalysts relative to the commercial 7.5 wt.% Cr/y-AlO; (Girdler G-41) catalyst.
In terms of catalyst activity on an overall or specific (per g Cr) basis, Figure 14 shows that the
Girdler G-41 catalyst is significantly more active than the Ct/HTO:S:1 catalysts. This could be
due to the significant difference in chemistry between the high purity y-Al,O; and HTO:Si
supports used for these catalysts. Following Na' removal and heat treatment, the amorphous
HTO:S1 support crystallizes to form TiO, phases (anatase, brookite, or rutile), although the
addition of the Si0, dopant helps preserve high surface area by retarding the crystallization of the
low temperature, high surface area TiO, polymorphs (anatase and brookite) to the low surface
area, high temperature stable rutile phase. Characterization of the surface area of the various
catalysts (by N, adsorption using the BET method) revealed that after a 600°C calcination
treatment in air for 2 h, the surface areas of the Ct/HTO:Si catalysts ranged from 140-165 m%/g,
compared to a value of 185 m*/g for the Girdler G-41 catalyst. If the x-axis of Figure 14 were
replotted to show Cr loading per m’ of catalyst surface area, the plot would look the same. Thus,
one cannot explain the superior activity of the Girdler G-41 catalyst solely on a support surface
area basis. Another possible explanation might be related to a superior ability of the high purity
v-AlO; relative to TiO; to disperse Cr/Cr,Os phases. Also, the acidity of these different supports
may play an important role in both the activity and selectivity of these different catalysts. A
detailed discussion of the possible differences in support acidity between the high purity y-Al,O;
and HTO:Si supports has been given elsewhere [66]. Significant further work would be required
to identify the fundamental differences between these two catalysts responsible for the observed
differences in catalyst activity and selectivity.

The commercial 7.5 wt.% Cr/y-AL,O5 catalyst and the Ct/HTO:Si catalysts were also
compared in the area of catalyst deactivation with increasing time-on-stream. It is well
established that commercial catalysts deactivate under typical industrial reaction conditions,
requiring periodic air regeneration treatments to restore catalyst activity. It would be an obvious
benefit to develop more deactivation-resistant catalysts for industrial chemical production. Cr/y-
Al,O; catalyst deactivation data reported by Steiner showed that the concentration of toluene in
the product decreases by a factor of 4x over a time-on-stream period of 2 h. It was also reported
that the rate of catalyst deactivation could be significantly reduced by including a substantial
partial pressure of H; in the feed. Under industrial reformer conditions, high-pressure operation
(including a significant partial pressure of H,) with recycle of a portion of the product is typically
utilized.

Figure 15 shows total heptane conversion data as a function of time-on-stream at a
reaction temperature of 550°C and a nominal WHSV of 2 h™'. The performance of the 2.65 wt.%
Cr/HTO:Si catalyst was selected as representative of all of the Ct/HTO:S1 catalysts. The initial
catalyst deactivation and catalyst performance after one air regeneration treatment at 550°C in air
are shown in Figure 15. Further cycling of the catalyst under similar conditions revealed very
similar results. The large activity difference between the Girdler G-41 and the 2.65 wt.%
Cr/HTO:Si catalysts previously shown in Figure 14 are also illustrated in this figure. The Girdler
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G-41 catalyst showed significant deactivation on initial exposure to the n-heptane feed, appearing
to be slightly more stable after the first and subsequent (data not shown) air regeneration
treatments. Although the Cr/HTO:Si catalyst appears to be more stable against catalyst
deactivation, the Girdler G-41 catalyst in its most deactivated state is still more active than the
Cr/HTO:S1 catalyst. One other interesting feature observed for the Cr/HTO:Si catalyst was a
factor of two increase in toluene yield with increasing time-on-stream over a 1 h period. This
might be consistent with the poisoning of acid sites on the HTO:Si support, resulting in
decreased activity for cationic skeletal rearrangement and cleavage reactions, therefore
improving selectivity toward toluene.
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Figure 15. Total heptane conversion as a function of time-on-stream at 550°C and a nominal
WHSV of 2 ™! for the Girdler G-41 7.5 wt.% Cr/y-AlL,O; (square symbols) and the 2.65 wt.%
Cr/HTO:Si (circular symbols) catalysts before and after air regeneration. Open symbols
represent initial catalyst deactivation and filled symbols represent catalyst deactivation after one
air regeneration treatment at 550°C.

Two final aspects of catalyst deactivation to be considered are the weight and surface area

changes for the various supported Cr catalysts tested. All of the as-prepared Cr/HTO:Si samples.
had very large surface areas (350-450 m?/g), as described previously [63,73]. These materials
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undergo significant surface area reduction (to 140-165 m?/g) and volatiles removal (22-28 wt.%)
during a standard calcination procedure (600°C/2h/air). Calcination of the Girdler catalyst under
similar conditions showed ~10 wt.% loss (probably due to adsorbed moisture) and a negligible
change in surface area. By combining the volatiles content and surface area data for the
Cr/HTO:Si catalysts, it was possible to estimate the weight and surface area after reaction for
these materials, assuming no changes due to coking/catalyst deactivation. For all of the
Cr/HTO:Si catalysts, the observed weight loss ranged from 17-21 wt.%, significantly lower than
the expected volatiles contents for these materials. This indicated that the Ct/HTO:Si catalysts
experienced a net wet gain due to coking on the order of ~3-9%. Concurrent with this coking
was a significant reduction in surface area; surface areas of the Ct/HTO:Si samples removed
from the reactor ranged from 100-120 m%/g, ~25% below the values for the calcined samples.
This decrease is also consistent with coking of the catalyst, which easily fills the smaller pores
responsible for the high surface area of these materials. A low temperature (100-150°C) was
used to outgas these samples prior to surface area measurements to ensure that the carbonaceous
deposits were not significantly volatilized. For comparison, the Girdler G-41 catalyst also was
observed to lose less weight than expected after exposure to reaction conditions, indicating a net
wet gain due to coking on the order of ~5%. The percentage of surface area reduction for this
material relative to its calcined only form was nearly 1dentical to that of the Ct/HTO:Si materials.

Thus, the most important finding from this section is that the commercial Girdler G-41
7.5 wt.% Cr/y-Al,O; catalyst is clearly more active than the Ct/HTO:Si catalysts. The inability to
increase the activity of the Cr/HTO:Si catalysts through increased metal loading leads to the
conclusion that Cr/HTO:Si catalysts are unlikely to provide any benefit over currently available
technology.

Pt-Based/HTO:Si Catalysts

A wealth of literature exists with respect to Pt-based reforming catalysts [68,69,86,89-
92]. Industrial catalysts have acidic functionality designed into the catalyst support. It is
believed that dehydrogenation/hydrogenation reactions are largely structure-insensitive (no
significant particle size, shape, or surface structure/irregularities effect on activity or selectivity)
and can proceed even on the smallest ensembles of active sites, possibly even single Pt atoms
[86,90]. If aromatization is viewed as consecutive dehydrogenation, similar behavior might be
expected. Consistent with this argument is the fact that these reactions are least affected by
carbonaceous deposits, sulfur poisoning, or alloying of Pt with inactive components [90].

However, the overall scheme of possible competing reactions within a catalytic reformer,
including hydrogenolysis, isomerization, hydrogenation/dehydrogenation, C5 cyclization, and
aromatization, is complicated not only by the large variety of possible reactions but also by the
fact that some of these reactions are structure-sensitive (particle size, shape, or surface
structure/irregularities significantly affects activity or selectivity, e.g., hydrogenolysis), while
others are structure-insensitive (e.g., dehydrogenation) [97-99]. Also, activity for these varied
reactions is highly dependent on the specific reforming conditions (temperature, pressure, Hx>
concentration, presence of poisons, etc.) as well as other characteristics of the catalyst (choice of
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metal and support acidity). These complications make it extremely difficult to draw general
conclusions regarding optimum catalyst characteristics with respect to the overall
dehydrocyclization/dehydrogenation scheme. Several authors have observed a possible increase
in catalyst deactivation due to carbon deposition (also referred to as self poisoning) with large Pt
particles, but interpretation of these results has been difficult due to many of the complications
described above [90].

The initial n-heptane dehydrogenation/dehydrocyclization data for the Pt-based catalysts
after a H, reduction treatment at 500-550°C for 0.5-1 h is shown in Table 3. In one case, denoted
as PYHTO:Si*, heptane dehydrogenation/dehydrocyclization activity evaluation at 550°C
followed propane dehydrogenation activity testing at 550°C. This was done to clearly tie the
current Pt/HTO:S1 catalyst development efforts with earlier propane dehydrogenation studies
involving inverse micelle/sol-gel formulated Pt/Si0, and Pt/Al,O; catalysts [85]. All Pt catalysts
used herein had a nominal Pt loading of 1.0 wt.% (calcined basis), with the Pt-Re/HTO:Si and
Pt-Sn/HTO:Si catalysts having a 1:1 weight ratio of Pt:Re (atomic ratio ~1:1 Re:Pt) or Pt:Sn
(atomic ratio ~1.6:1 Sn:Pt). The reactor conditions were chosen so as to compare the heptane
dehydrogenation/dehydrocyclization activity and selectivity data of the Pt-based/HTO:Si
catalysts with that observed for the Cr/HTO:Si and 7.5 wt.% Cr/y-ALOs catalysts also evaluated
as part of this study.

Initial evaluation of the 1.0 wt.% Pt/HTO:Si catalyst for propane dehydrogenation at
550°C showed that 20-30% conversion of propane and high selectivity to propylene (90-100%)
were obtained. Equilibrium limited conversion was observed for this catalyst at nominal WHSV
values of 2-4 h™' (corresponding gas hourly space velocity [GHSV] values were nominally 3-6 cc
feed/(cc catalyst-h)), consistent with the results obtained for the 7.5 wt.% Cr/y-Al,O3 (Girdler G-
41) catalyst. This propane dehydrogenation result represents a significant improvement over the
inverse micelle/sol-gel formulated Pt/Si0O, and Pt/Al,O; catalysts investigated in a previous
study, although these latter catalysts contained lower Pt contents (nominal loading 0.3 wt.% on a
calcined basis) and were tested at relatively high WSHYV values (>4 h'') [85].

The first observation that can be made regarding the data in Table 3 is that the total
heptane conversions obtained for the Pt-based/HTO:Si catalysts are significantly lower than
those obtained for the Girdler G-41 catalyst (see Table 2) and slightly lower than those obtained
for the Cr/HTO:Si catalysts (see Figure 14) run under nearly identical conditions. As expected,
on a specific activity basis (per atom Cr or Pt), the Pt-based/HTO:Si catalysts are more active
than the Girdler G-41 catalyst. However, bulk catalyst activity on an overall weight or volume
basis is the critical factor used to screen catalysts for industrial applications. Alkane
concentrations in the gas product ranged from 60-70%, similar to the values observed for the
Cr/HTO:Si catalysts. Overall, it may not be fair to compare the performance of Pt and Cr
catalysts at the same operating conditions since considerable previous work has shown that
different operating conditions (temperature, etc.) are required for optimum results with each type
of catalyst [86].

The major difference in reforming conditions required for Pt-based catalysts relative to
Cr- or Mo-based catalysts is the use of high operating pressures (10-30 atm total, including a
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significant H; partial pressure) and lower temperatures. Supported Pt catalysts show an increased
selectivity to formation of C5 ring products (i.e., ethylcyclopentane and dimethylcyclopentanes)
compared to the six member carbon ring products (e.g., benzene and toluene) at lower
temperatures (< 300°C) and at increased H, pressure at a given reaction temperature [86,89].
Hydrogenolysis and isomerization selectivity were both high for Pt catalysts in heptane reactions
with H, at 275°C, relative to cyclization reactions [90,92]. On the other hand, aromatization
- rates (six member carbon ring product formation) have been shown to increase with increasing
temperature (regardless of H, pressure) [89]. This implies that in the case of aromatization,
moderate H, pressures promote the formation of six member carbon ring products by removing
carbonaceous deposits via hydrogenation. However, in the case of C5 cyclization, the sharp
decrease in product formation at low H, pressures implies that H, must be an active participant in
the surface intermediate involved in C5 cyclization [89].

Table 3. Heptane dehydrogenation/ dehydrocyclization results obtained with the Pt-

based/HTO:Si catalysts.
Time Total Total Total Total Alkane
on Heptane - | Combustible | Toluene | Toluene in Gas
WHSYV | Stream | Conversion | Liquid Yield | Yield | Selectivity | Product
Catalyst’ () | (min) (%)@ (%)* (%) (%) (%)*
Pt/HTO:Si* 2.40 50 21.8 10.9° 4.5 20.9 60
PY/HTO:Si 2.69 50 17.5 11.2 4.2 24.1 63

Pt-Re/HTO:S1

Pt-Sn/HTO:S1

Notes:

" All tabulated values represent the initial data corresponding to a reaction temperature of 550°C
for the specified conditions. A time-on-stream value of 50 min was chosen for comparison based
on the availability of all activity and selectivity data. WHSV values were not normalized for data
comparison purposes.

@, # $, " % The definitions for these symbols are similar to those defined in Table 1.

* Initial heptane dehydrogenation/dehydrocyclization evaluation followed propane
dehydrogenation testing at 550°C. Prior to propane dehydrogenation testing at 550°C, this
catalyst was heat treated at 500°C/H,/1h. Following propane dehydrogenation testing and prior
to n-heptane dehydrogenation/dehydrocyclization evaluation, this catalyst was cooled to room
temperature in N, reheated to 550°C in N, and heat treated in H; for 1 h at 550°C. No
significant catalyst deactivation was observed due to the propane dehydrogenation testing or the
multiple reduction treatments.

The role of hydrogen pressure in reforming reactions, including n-heptane

dehydrocyclization, over supported Pt catalysts has been reviewed in detail by Bournonville and
Franck [69]. Hydrogen pressure has an important, but complex, effect on reforming activity.
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When the H; pressure decreases at constant hydrocarbon pressure, the rate of dehydrocyclization
increases up to a maximum and then tends toward zero for low H, pressures. This provides
evidence that a competition exists between H; and hydrocarbons for the active sites on the metal
particles, which is further explained by the following two points: (1) at low pressures, H; acts by
limiting the concentration of highly dehydrogenated species on the catalyst surface, which are
known coke precursors; and (2) at high pressures, through adsorption, H reduces the number of
vacant sites that are available for cyclization as well as the concentration of dehydrogenated
intermediates necessary for cyclization. It is important to point out that this effect is independent
of catalyst ageing.

The reactor conditions used herein are more representative of optimum conditions used
for n-heptane dehydrogenation/dehydrocyclization over supported Cr catalyst materials. In
general, lower temperatures (< 400°C) are more optimum for supported Pt catalysts [86].
Equally unfortunate was the fact that no commercial Pt catalyst benchmark was run under
identical conditions to compare with the activity of the Pt-based/HTO:Si catalysts. Because of
the high temperature used for n-heptane dehydrogenation/dehydrocyclization (550°C), the
selectivity to aromatization for these Pt-based catalysts has likely been significantly lowered
relative to other competing reactions (hydrogenolysis, isomerization, C5 ring closure, etc.).
Total combustible liquid yield, toluene yield, and toluene selectivity values are all low for these
catalysts relative to the data shown previously for the Girdler G-41 catalyst in Table 2, although
comparable to those obtained for the Cr/HTO:Si catalysts. However, since our experiments were
performed with no H, in the feed, low catalyst activity coupled with significant and rapid catalyst
deactivation was not surprising in the case of the Pt-based catalysts.

Since supported Pt catalysts are difficult to synthesize in highly dispersed forms which
are stable at high temperature, another alternative is to disperse the Pt atoms within a given metal
particle composed of an alloy between Pt and a second metal. Various explanations for the
positive effect of alloying on catalyst performance have been postulated, including altering the
size of Pt atom surface ensembles and electronic modification of the catalytic properties of Pt
[90-92,100-102]. By forming Pt alloys, it is possible to achieve a large and controlled portion of
isolated Pt atoms via dilution achieved in alloying techniques. Both Re and Ir are widely known
as effective alloying additives to improve catalyst selectivity and deactivation resistance of Pt
reforming catalysts [90,91]. A common industrial reforming catalyst composition consists of a
Pt concentration ranging from 0.2 to 0.6 wt.%, promoted/alloyed with a few hundred to a few
thousand ppm of various additives, such as Re, Ir, Sn, or Ge, all supported on a high surface area
alumina support, whose acidity has been enhanced via chloride additions [69,103]. Of this range
of compositions, active phases consisting of 0.3 wt.% Pt + 0.3 wt.% Re appear to be fairly
popular [88,104,105]. Recently, Sn, although being an inactive single component catalyst, has
been identified as an effective alloying additive for isobutane dehydrogenation catalysts [100-
102].

Bournonville and Franck discussed the effect of alloying of Pt with a second metal on n-
heptane dehydrocyclization at 470°C over a range H; pressures [69]. Alloying of Pt with a wide
range of metals (Ir, Re, Sn, Ge, Pb, or Rh [M:Pt atomic ratio=1:3]) was found to affect catalyst
activity relative to pure Pt catalysts and to shift the activity maximum to lower H; pressures (e.g.,
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Hymn-C;Hj6 ~1-2). The Pt-Ir catalyst showed the highest activity, aithough the Pt-Rh and Pt-Re
catalysts also exceeded the activity of the baseline 0.6 wt.% Pt catalyst at all H, pressures. It
should be noted that, in general, the activity of the Pt-Re catalyst only marginally exceeded the
activity of the Pt catalyst, except at low H; pressure (H,:n-C7H,6 ~1), where larger differences in
activity were observed. Interestingly, the Pt-Sn catalyst exceeded the activity of the baseline 0.6
wt.% Pt catalyst only at low H, pressure (H,:n-C7H;6 ~ 1), not performing as well at higher H>
pressures. For n-heptane dehydrocyclization at 495°C and 14.6 atm (5:1 Hy:n-C;H,¢), Carter, et.
al [105] showed that Pt-Re (+ 0.9 wt.% C1)/Al,Os catalysts (1:1 Re:Pt, 0.3 wt.% Pt + 0.3 wt.%
Re) outperformed 0.3 wt.% Pt (+ 0.9 wt.% C1')/AL,O; catalysts over a 40 h time-on-stream period
with 0.5 ppm sulfur in the feed.

The comparison of the results of the different Pt-based/HTO:S1 catalysts proved to be
quite interesting. Although the Sn additive appeared to produce no improvement in total heptane
conversion relative to the Pt/HTO:Si catalyst, combustible liquid and toluene yields, as well as
toluene selectivity, improved by almost 50% relative to the values observed for the Pt/HTO:Si1
catalyst (see Table 3). In this regard, the Pt-Sn/HTO:Si catalyst also proved to be superior to the
Pt-Re/HTO:Si catalyst. Liquid product analysis by gas chromatography showed that
chromatograms representing the liquid products from the Pt/HTO:Si and Pt-Re/HTO:Si catalysts
were significantly more complex (with respect to the large number of small peaks observed)
relative to the results obtained for the Pt-Sn/HTO:Si catalyst. Time was not taken to identify all
of the product liquid species since the activity of all of the Pt-based catalysts was low relative to
the Girdler G-41 catalyst. However, these qualitative results are consistent with the increased
toluene selectivity of the Pt-Sn/HTO:Si catalyst relative to the other Pt-based catalysts. One
species in the liquid product that was quantified was pentanes. The Pt-Sn/HTO:Si catalyst
produced a negligible amount of pentanes in the liquid products relative to the other Pt-based
catalysts, indicating a higher selectivity toward dehydrocyclization (relative to hydrogenolysis).
The higher activity for the Pt-Sn (~0.6:1 Sn:Pt atomic ratio)/HTO:Si catalyst is consistent with
the better performance of Pt-Sn catalyst (1:3 Sn:Pt) at low H; pressure as described above [69].
Note that our experiments represented an extremely low H, pressure (Hy/n-heptane feed ratio =
0). The better performance of the Pt-Sn/HTO:Si catalyst might also be attributed to improved
resistance to deactivation [90,91,100-102].

For heptane dehydrocyclization at milder reaction conditions (400°C, 1 atm H,, pulse
reactor), Tournayan, et al. [106] showed that increases in the Re content to an alumina-supported
Pt catalyst (2% total Pt + Re) resulted in a steady decrease in specific catalyst activity (expressed
as turnover frequency); selectivity changes involving decreased C5 ring closure/cyclization and
increased hydrogenolysis activity were also noted with increasing Re content. On a mildly acidic
alumina support, Garland, Baiker, and Wokaun found an optimum range of Re:Pt atomic ratio
between 1:1 and 1:3 (0.5 wt.% total metal concentration) that enhanced both the selective
dehydrocyclization of n-heptane to toluene and the selective dehydrogenation of
methylcyclohexane to toluene [107]. This is consistent with a wealth of literature data which
shows the high hydrogenolysis activity of supported Re catalysts, and increases in hydrogenolysis
activity due to Re additions to supported Pt catalysts [90,108,109].
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Relative to the Pt-Re compositional information described above, our Re:Pt atomic ratio
was ~1:1. With respect to the data shown in Table 3, the Re additive appeared to offer a
beneficial effect in terms of increased total heptane conversion as well as increased combustible
liquid yield and toluene yield. This benefit is similar to the slightly higher catalyst activity
observed for supported Pt-Re catalysts over the complete range of H, pressure relative to
supported Pt catalysts in previous studies [69,105]. However, in conjunction with these
improvements, a slightly higher concentration of alkanes was observed in the gas product, along
with a small but significant quantity of pentanes in the liquid product. This is consistent with the
increased hydrogenolysis activity associated with Re additions to supported Pt catalysts [90,107-
109]. '

As an alternative to alloying, the intentional addition of S to Pt catalysts has been used to
alter the structure of active sites (ensembles) or electronically modify the interaction between the
active intermediate and the catalyst [110]. Recently, superior catalyst activity and deactivation
resistance were obtained with a sulfided Pt/alumina catalyst relative to an unsulfided Pt-
Re/alumina catalyst in methylcyclohexane dehydrogenation experiments in a catalytic membrane
reactor [111]. A limited amount of adsorbed sulfur can also have beneficial effects for Pt-based
alloy catalysts; the superior performance of supported Pt-Re catalysts for industrial reforming
applications is consistent with this fact [103,105]. Alkali additions to monofunctional supported
Pt or Pit-Sn catalysts have been shown to positively affect their activity, selectivity, and
deactivation resistance in dehydrogenation and aromatization reactions [101,102,112,113].
Although not explored herein, the influence of alkali content in Pt-based/HTO:Si materials
would be an interesting area to explore since the residual alkali content remaining in the as-
prepared catalyst precursor can easily be controlled by the ion exchange solution chemistry
variables. Recall that the original ion exchangeable titanate support is in alkali form (e.g.
NaTi205H20.4 SlOz)

Because of the various sampling frequencies for the different catalysts, a time-on-stream
value of 50 min was selected for comparison of the initial performance data of the respective Pt-
based/HTO:Si catalysts shown in Table 3. However, all of the Pt-based/HTO:Si catalysts
exhibited significant deactivation with increasing time-on-stream as illustrated by the data shown
in Figure 16. Examination of the data in Figure 16 shows that the initial (30 min time-on-stream)
activity (in terms of total heptane conversion) of both the Pt-So/HTO:Si and Pt-Re/HTO:Si
catalysts significantly exceeded that of the PtHTO:Si catalyst. In terms of overall catalyst
deactivation, the Pt-Sn/HTO:Si catalyst appeared to stabilize at ~20% total heptane conversion
after 50 min time-on-stream, whereas the Pt/HTO:Si and Pt-Re/HTO:Si catalysts continued
significant deactivation for time-on-stream values up to 100 min. As described above, it is
possible that the lack of sulfur in the feed proved detrimental to the performance of the
Pt/HTO:S1 and Pt-Re/HTO:Si catalysts, while not having a significant effect on the Pt-
Sn/HTO:Si catalyst. For all catalysts, the changes observed with increasing time-on-stream with
respect to combustible liquid and toluene yields, as well as toluene selectivity, were found to
mirror the trends observed for total heptane conversion, although the magnitude of the
deactivation was less significant.
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As in the case of the supported Cr catalysts, the Pt-based/HTO:Si catalysts were also
evaluated after appropriate catalyst regeneration procedures, which included both an air treatment
at 550°C for 10 min followed by a H; treatment at 550°C for 30 min. The performance of the Pt-
based/HTO:Si catalysts was then evaluated afier regeneration for comparison to the original data
shown in both Table 3 and Figure 16. The total heptane conversion data as a function of time-
on-stream for the Pt/HTO:Si, Pt-Re/HTO:Si, and Pt-Sn/HTO:Si catalysts after regeneration are
shown in Figure 17.
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Figure 16. Initial data for total heptane conversion as a function of time-on-stream at 550°C and a
nominal WHSV of 2 h™ for the Pt-based/HTO:Si catalysts. The following catalysts are
represented: Pt/HTO:Si (open circular symbols), Pt-Re/HTO:Si (open square symbols), and Pt-
Sn/HTO:S1 (open triangular symbols).

Significant changes in the performance of both the Pt-Re/HTO:Si and Pt-Sn/HTO:Si
catalysts were observed after regeneration. As a reference, the initial performance of the
Pt/HTO:Si catalyst is also included on Figure 17. Comparison of the results for the performance
of the Pt/HTO:Si catalyst before and after regeneration shows that after regeneration, the activity.
of the PYHTO:Si catalyst returns to very close to the steady state activity observed after initial
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deactivation (~15% total heptane conversion). The high activity observed for the Pt/HTO:Si
catalyst in its initial clean state (~30% total heptane conversion) is not approached by the catalyst
in its regenerated form. This might be due to incomplete removal of the carbonaceous deposits
responsible for catalyst deactivation during the regeneration procedure or due to significant
sintering of the Pt particles during the air regeneration step. While other studies have reported
that careful passivation of supported metal catalysts is required prior to regeneration in oxidizing
environments [46,87], our Pt-based/HTO:Si catalysts were exposed directly to air at elevated
temperature (550°C) during the regeneration step. This may have resulted in a significant
temperature excursion and metal particle sintering.

50 T T T T I T I T I T

NN
o
I
!

W
o
[

]

N
o
I

Total Heptane Conversion (%)
S
I T

0 20 40 60 80 100 120

Time-on-Stream (min)

Figure 17. Data for total heptane conversion after one regeneration cycle as a function of time-
on-stream at 550°C and a nominal WHSV of 2 h™! for the Pt-based/HTO:Si catalysts. The
following catalysts are represented: Pt/HTO:Si (filled circular symbols), Pt-Re/HTO:Si (filled
square symbols), and Pt-Sn/HTO:Si (filled triangular symbols). As a reference, the open circular
symbols represent the initial catalyst deactivation data for the Pt/HTO:Si catalyst (from Figure
16). The regeneration cycle consisted of a N, purge for 10 min at 550°C, followed by an air
treatment for 10 min at 550°C, followed by a H, treatment at 550°C for 30 min. -
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In the case of the Pt-Re/HTO:Si and Pt-So/HTO:S:1 catalysts, activity after catalyst
regeneration also did not approach the initial activity observed for the fresh catalysts (compare
Figures 16 and 17). However, the initial activity of the regenerated Pt-Re/HTO:Si and Pt-
Sn/HTO:Si catalysts was still significantly higher than that observed for the regenerated
Pt/HTO:Si catalyst. The Pt-Re/HTO:Si catalyst again showed significant deactivation over the
100 min time-on-stream period after air regeneration, with the final total heptane conversion
values approaching those observed for the regenerated Pt/HTO:Si catalyst in its final deactivated
state (100 min time-on-stream). Similar to the fresh catalyst results, the Pt-Sn/HTO:Si catalyst
appeared to perform better after regeneration than both the Pt-Re/HTO:Si and the Pt/HTO:Si
catalysts. Less overall deactivation was observed for this catalyst, with total heptane conversion
values ranging from 15 to 25% for time-on-stream values up to 100 min. In addition to the
potential problems identified for the PUHTO:Si catalyst with respect to the regeneration
procedure (incomplete hydrocarbon removal and sintering), the air oxidation procedure used for
catalyst regeneration can have significant detrimental effects on the Pt-Re and Pt-Sn alloy
particles. It would be expected that oxidation/reduction cycling of such alloys might ultimately
result in segregation of the various alloying components, accompanied by the degradation or loss
of catalyst activity or selectivity advantages [100,103,114].

Two final aspects of catalyst deactivation to be considered are the weight and surface area
changes for the various supported Pt-based catalysts. In contrast to the Ct/HTO:Si samples
described previously, all of the Pt-based/HTO:S1 samples were calcined (600°C/2h/air) prior to
testing, so these materials were expected to be very stable with respect to further weight loss and
surface area reduction in the reactor environment. This allowed the effects of catalyst
deactivation in terms of weight gain and surface area reduction to be directly measured. The
initial surface areas of the calcined Pt-based/HTO:Si samples were ~135 m*/g. Imrespective of
composition, all of the samples showed a surface area reduction as a result of catalyst testing and
had very similar surface area upon removal from the reactor (70-75 m’/g). All Pt-based/HTO:Si
samples showed a weight gain as a result of reactor testing, with weight gains ranging from 6-13
wt.%. Interestingly, the alloyed Pt compositions (Pt-Re and Pt-Sn) showed a significantly larger
weight gain (11-13 wt.%) than the Pt/HTO:Si materials (6-8 wt.%). We find this interesting in
light of the fact that the Pt-Sn/HTO:Si material apparently showed increased resistance to
catalyst deactivation (see Figures 16 and 17).

The Pt-based/HTO:Si catalysts did show increased weight gain relative to the supported
Cr catalysts evaluated. However, as mentioned previously, this is likely due to the selection of a
common reaction temperature (550°C) that was more suitable for optimum performance of the
supported Cr catalysts. This fact, combined with the lack of H; in the feed (H,/n-heptane ratio =
0), would have significantly enhanced catalyst deactivation in the case of the Pt-based catalysts.

Summary
The efforts of this section were devoted to identifying high activity catalyst materials for

use in n-heptane dehydrogenation/dehydrocyclization to toluene. In addition to evaluating a
commercial catalyst benchmark (Girdler G-41 7.5 wt.% Cr/y-Al,03), HTO:Si-supported Cr and
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Pt-based catalysts were also evaluated under identical conditions. The commercial Cr/y-Al,O3
catalyst was clearly more active than the Ct/HTO:Si catalysts, and the inability to increase the
Cr/HTO:Si catalyst activity through increases in Cr loading exacerbated the differences between
these materials. Pt/HTO:Si, Pt-Re/HTO:S1, and Pt-Sn/HTO:S1 catalysts were also evaluated for
n-heptane dehydrogenation/dehydrocyclization activity at conditions similar to those of the
supported Cr catalysts. . Although several interesting trends were observed for the Pt-
based/HTO:Si catalysts, because the reaction conditions were less optimum for supported Pt
catalysts, significant deactivation with increasing time-on-stream was observed, and overall
catalyst performance for these materials was not as good as the supported Cr catalysts.
Continued investigation of Pt-based/HTO:Si catalysts under more favorable reactor operating
conditions appears warranted, including the use of a relevant commercial Pt catalyst benchmark
and the careful discrimination of thermal reactions and support acid site effects. Based on these
overall bulk catalyst development results, the Girdler G-41 7.5 wt.% Cr/y-AL,O; catalyst was
selected as the catalyst of choice for packed bed application in the catalytic membrane reactor
experiments.

Chapter lll. Catalytic Membrane Reactor Testing

Experimental

A baseline silica (A2** sol-derived) membrane was fabricated along the inside diameter of a
6 cm long asymmetric alumina membrane tube (1.0 cm OD and 0.7 cm ID) via dip coating (H,O
content > 10 ppm; stagnant atmosphere drying) as described in Chapter I. After calcination for 3
h at 550°C, surface derivatization of the baseline silica membrane was accomplished by dip
coating the tube in a TEOS monomer solution (5 volume % TEOS in ethanol), and recalcining at
525°C for 3 h. The final membrane would therefore be considered a composite silica membrane
since two dip coating applications, utilizing different sols, were performed. For catalytic
membrane reactor testing, the membrane tube was packed with 1.34 g of a commercial 7.5 wt.%
Cr/y-ALOs catalyst (Girdler G-41) and heated to the reaction temperature (525 to 570°C)
flowing N,. Pure gas permeation tests were conducted at 525°C with hydrogen and nitrogen in
between the catalytic membrane reactor tests. The procedure used for the catalytic membrane
reactor tests consisted of feeding n-heptane at weight hourly space velocities (WHSV) from 2-8
h” through the reactor for periods of 1.5 to 1.75 h and monitoring the effluent flow rate and
hydrogen content of the residue and permeate gas streams. The partial pressure driving force
required for hydrogen permeation was obtained by operating the permeate side under a reduced
pressure of approximately 0.07 atm, with tube side pressures (P;) of 1 to 4 atm. The effluent gas
stream was analyzed on-line using a gas chromatograph equipped with a TCD. Four analyses of
the effluent gas streams were made (generally 15-30 min apart) during each test period. Liquid
residue from the reactor was collected in chilled condensers located on both the permeate and
residue (retentate) lines. The liquid residue samples were collected at the end of each run (i.e.;
one liquid sample per run) and analyzed in a similar fashion to that described for the bulk catalyst
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development activities in Chapter II. Following each run, the reactor was cooled to 450°C and
the catalyst was reactivated by passing air through the reactor for a period of 1 h. This is in
contrast to the bulk catalyst testing with the Girdler G-41 catalyst, where catalyst regeneration
was performed at 550°C in air (see Chapter II).

The conventional packed bed reactor experiments described in Chapter II and these catalytic
membrane reactor experiments were performed in different laboratories by separate personnel.
This fact explains the subtle differences observed between the two data sets in terms of the
experimental set-up and sampling protocol, on-line product gas analysis, product liquid
collection, and regeneration procedures. .

Results and Discussion

In terms of membrane performance and stability, the microporous silica membranes appear
to be a promising candidate for this application. No condensed liquids were collected on the
permeate side of the module which indicated that heptane and toluene are too large to permeate
through the pores of the silica membrane. This fact alleviated the need to impart a catalytic
functionality into the membrane to convert unreacted heptane as it passed through the membrane.
However, small quantities of C1-C4 hydrocarbons were detected in the permeate stream at all
catalytic membrane reactor operating conditions. The hydrogen concentration in the permeate
stream was generally above 98 mole % so the membrane was able to effectively separate
hydrogen from cracking products such as C1-C4 hydrocarbons. For reference, the mole % of H;
in the combined permeate and retentate gas streams at all reaction conditions was always greater
than 70%, and generally in the 85-95% range. Generalizing over all catalytic membrane reactor
operating conditions, the order of decreasing hydrocarbon concentration in the permeate (or
retentate) gas stream was C,Hg > CHy > CsHg > XC4 species. Typical concentrations of these
hydrocarbon species in the permeate stream were nearly always less than 0.5 mole %.
Condensed liquid products detected included toluene, dimethylcyclopentanes, heptenes,
pentanes, and benzene, in order of decreasing concentration, similar to the results obtained in the
conventional packed bed reactor testing with the Girdler G-41 catalyst (see Chapter II). The
apparent correlation between the gas and liquid product analyses indicated that hydrogenolysis
reactions were occurring, with a higher preference of terminal bond scission relative to central
bond scission in the case of these nonselective cracking reactions.

Table 4 shows the overall performance observed with the Girdler G-41 catalyst in the
catalytic membrane reactor for the n-heptane dehydrogenation/dehydrocyclization reaction as a
function of WHSYV at a tube side pressure (P;) of 1 atm, a reactor temperature of 550°C, and 60
min nominal time-on-stream. As described earlier in Chapter II, the theoretical toluene yield
under the conditions of this study (550°C, 1 atm pressure) should be essentially 100 percent since
there is no thermodynamic limitation on conversion. Because of this fact, the removal of product
H, by the membrane would not be expected to provide a significant conversion benefit.
However, it was still important to determine whether the change in reactor configuration had a
significant effect on catalyst activity and selectivity. This comparison was possible over only a
limited set of reactor operating conditions (WHSV and Py).
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In both cases, the total combustible liquid yield, toluene yield, and total heptane conversion
data reported in Tables 2 and 4 for the two reactor configurations were calculated based on a
similar liquid product analysis by gas chromatography using an FID. For the conventional
packed bed reactor experiments, several liquid product samples were collected at discrete time
intervals over the course of the run, allowing the evaluation of changes in the product liquid

Table 4. Catalytic membrane reactor results obtained with the Girdler G-41 7.5 wt.% Cr/y-Al,O3
catalyst used in conjunction with a composite silica membrane for heptane
dehydrogenation/dehydrocyclization. Catalyst activity and selectivity results obtained as a
function of WHSV at a tube side pressure (P;) = 1 atm, a reactor temperature of 550°C, and 60
min nominal time-on-stream.

Total Total Total
H> Generation Heptane Combustible | Toluene H;
WHSV Rate/Heptane Conversion | Liquid Yield Yield Permeation
() Feed Rate* (%)@ (%) (%)>* Fraction’
2.94 1.16 . 23 17 0.79

Notes:

* This measure of catalyst activity is based on the molar ratio of H, generated (as measured
directly via a TCD used in conjunction with a gas chromatograph) to the heptane feed rate. A
value of 4 would correspond to complete conversion of n-heptane to toluene via the reaction
illustrated in Figure 12.

@, #, $ The definitions for these symbols are similar to those defined in Table 1.

? For catalytic membrane reactor experiments, these values were calculated as an average over
the entire 80-105 min run since only a single liquid sample was collected over the duration of the
experiment.

" This measure of membrane performance represents the fraction of the product H, which
permeates through the membrane and is based on the H, analysis of both the permeate and
retentate streams.

* Comparison data for conventional packed bed reactor operated under near identical conditions;
data reproduced from Table 2. These values represent data collected over a 20 to 30 min time-
on-stream interval at a WHSV of 2.96 h™', which directly followed a period of 20 min time-on-
stream at a WHSV of 2.04 h™.

NA Not applicable or not measured.
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composition with increasing time-on-stream. However, for the catalytic membrane reactor
experiments, only a single product liquid sample was collected over the entire §0-105 min run.
These results therefore represent an average of catalyst activity and selectivity over the entire run;
this fact makes an evaluation of catalyst deactivation in the catalytic membrane reactor using the
liquid product data impossible and also makes a comparison of the results for the two reactor
configurations very difficult. Catalyst deactivation in the catalytic membrane reactor was
monitored by evaluating catalyst activity via intermittent product gas stream analysis (for H, and
C1-C4 hydrocarbons) using a TCD. Since this measurement was only performed in the case of
the catalytic membrane reactor experiments, no direct link exists between this H, generation data
and data measured in the case of the conventional packed bed reactor configuration.

Based on the above discussion, a limited comparison can be made between the results
obtained in the catalytic membrane reactor at a WHSV value of 2.94 h' to those obtained at a
similar WHSV value (2.96 h™') and operating pressure (1 atm) for the Girdler G-41 catalyst tested
n the conventional packed bed reactor (see Table 2; this data is reproduced in Table 4 for ease of
comparison). For these similar operating conditions, the total combustible liquid yield and the
toluene yield for the catalytic membrane reactor are slightly less than those obtained in the case
of the conventional packed bed reactor. However, given the fact that the product liquid analysis
in the case of the catalytic membrane reactor sample represents an average over a long time
interval, significant catalyst deactivation would be expected. In terms of the total heptane
conversion, the decrease for the catalytic membrane reactor configuration relative to the
conventional packed bed reactor is perhaps more significant, although the above statement
regarding the sampling differences between the two reactor configurations applies in this case as
well. Overall, the differences in catalyst activity determined for the two units are relatively small
and easily within the limits of measurement error and extrapolation (in terms of catalyst
deactivation effects). This provides a preliminary indication that the removal of H, via the
microporous composite silica membrane does not significantly affect catalyst performance at
these specific reaction conditions, although more careful experiments minimizing the sampling
and analysis differences between the two reactor configurations would be necessary to provide
more evidence to support this claim.

Table 4 also shows that an increase in space velocity results in a significant decrease in
catalyst activity and product liquid selectivity. Similar to the discussion in Chapter II for tests in
the conventional packed bed reactor, the total heptane conversion in the catalytic membrane
reactor was roughly inversely proportional to the reactant flow rate (WHSV), validating the
assumption of differential operating conditions. In addition to catalyst activity and selectivity,
the performance of the membrane was evaluated in terms of the fraction of generated H, that was
separated from the retentate via the microporous composite silica membrane. The lower WHSV
values result in a larger fraction of the product H, permeating through the membrane, which is
consistent with the longer residence time of the product gases in the catalytic membrane reactor.
These overall results clearly indicate that even lower WHSV values are necessary to optimize
catalytic membrane reactor performance.

Similar to the results obtained for the conventional packed bed reactor configuration,
catalyst deactivation with time-on-stream was significant in the case of the catalytic membrane
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reactor experiments. Hydrogen generation rates were observed to steadily decline over the 1.5 to
1.75 h test periods, which indicated significant deactivation problems with the commercial
catalyst. Figure 18 shows the change in catalyst activity (in terms of H, generation rate/heptane
feed rate) with increasing time-on-stream at a reaction temperature of 550°C and a tube side
pressure (P) of 1 atm for WHSV values ranging from ~3-9 h”'. Reinforcing the data shown in
Table 4, it is clear that the highest H, generation rates were observed at the lowest WHSV value
(2.94 h'l); however, the rate of catalyst deactivation was also highest under these conditions,

—A— WHSV =2.94 h™
—&— WHSV =588 h"
—@— WHSV =865h"

H, Generation Rate/n-Heptane Feed Rate
o
(@)
|
1

30 40 50 60 70 80 90 100 110
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Figure 18. H, generation versus time-on-stream for the catalytic membrane reactor operated at
various WHSV values with the Girdler G-41 7.5 wt.% Cr/y-Al,Os catalyst. For these
experiments, the reactor temperature was 550°C and the tube side pressure (P;) was 1 atm. See
footnotes for Table 4 for a definition of the H; generation rate/heptane feed rate term.

especially in the range of 30-80 min time-on-stream. Over this time perlod the H, generation
rate/heptane feed rate decreased by ~28%. Under similar WHSV (2.96 h° 1y conditions, the
catalyst deactivation observed with the conventional packed bed reactor was ~19% in terms of
total heptane conversion over an initial 10-30 min time-on-stream period. Even this comparison )
is not perfect since there is no overlap in the time-on-stream intervals and different
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measurements are involved. Additional discussion of catalyst deactivation observed with the
conventional packed bed reactor configuration is detailed in Chapter I

The effect of changing the tube side pressure (P;) was examined in an effort to improve
catalytic membrane reactor performance. These experiments were performed at a high WHSV
value (~8 h'") with the results observed after ~50 min time-on-stream being shown in Table 5.
The data show that the production of H, was optimized at P, values ranging from 2-3 atm, with
the percentage of hydrogen generated in the dehydrocyclization reaction that was recovered in the
permeate stream being high as long as the tube side (reactor) pressure (P;) was above 1 atm. The
fraction of the H product which permeated through the microporous composite silica membrane
increased significantly with increasing P, values due to the increased driving force for
permeation/diffusion provided by the larger difference in pressure between the retentate and
permeate sides of the membrane. Nonselective cracking reactions were enhanced at higher P;
values and reaction temperatures; under these conditions, the permeate stream contained a lower
H; purity and higher C1-C4 hydrocarbon concentrations.

Table 5. Catalytic membrane reactor results obtained with the Girdler G-41 7.5 wt.% Cr/y-ALOs
catalyst used in conjunction with a microporous composite silica membrane for heptane
dehydrogenation/dehydrocyclization. H, generation and permeation rates were obtained as a
function of tube side pressure (P;) at a WSHV of 8 h™', a reactor temperature of 550°C, and 60
min nominal time-on-stream.

Tube Side Pressure, P; H, Generation Overall
(atm.) Rate/Heptane Feed Rate H, Permeation Fraction
1.0 0.478 0.517
2.0 0.595 0.757
3.0 0.572 0.79
4.0* 0.438 0.83
Note:

* The data points for 4 atm. tube side pressure (P;) represent a different reaction temperature
(570°C).

The effect of other catalytic membrane reactor operating conditions on catalyst deactivation
was also evaluated. In addition to the data shown in Table 5 regarding the effect of increasing
tube side pressure (Py), it was found that the rate of catalyst deactivation significantly increased
with increasing reaction temperature. As might have been expected from the data observed for
the conventional packed bed reactor (see Table 2), increases in reactor temperature (to 570°C)
did not improve the product H; yield in the case of the catalytic membrane reactor configuration,
even when a higher tube side pressure (P; = 3 atm) was utilized. The use of a lower reaction
temperature (525°C) was found to slightly decrease catalytic membrane reactor performance in
terms of H, generation rate/heptane feed rate and H, permeation fraction. However, a higher
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purity permeate stream and a lower rate of catalyst deactivation were observed under these
conditions.

Another aspect critical to the operation of the catalytic membrane reactor is the performance
of the membrane itself. To this extent, the microporous composite silica membrane was tested
for a total of over 400 h at temperatures of 450°C and above. Figure 19 summarizes the results
of H, and N, permeation tests conducted intermittently during this time period. The stability of
this membrane was significantly better than that of similar membranes previously tested with a
Pt/aluminosilicate catalyst for propane and isobutane dehydrogenation experiments, where H,
permeance typically dropped by approximately 20-35% during 100 hour test periods [50]. In
contrast, the H, permeance of the composite silica membrane tested in the heptane
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Figure 19. Hy and N, permeance values at 525°C versus time-on-stream for microporous
composite silica membrane used in heptane dehydrogenation/dehydrocyclization catalytic
membrane reactor study.

dehydrogenation/dehydrocyclization experiments dropped by only 7.5% in the first 100 h of
~ testing and 15% during the entire 400 h test period. As expected from the data shown in Figure
19, H,/N, permselectivities (expressed as ideal separation factor, o) remained relatively constant
(~20-30) over the course of the test period. Ioannides et al. have studied dense silica membranes
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prepared by chemical vapor deposition in various catalytic membrane reactor applications,
including isobutane dehydrogenation, dry reforming (CO, reforming of methane), and partial
oxidation of methane [53,54]. They observed lower H, permeance for their membranes (0.3
cm’/(cm’min-atm) or ~6.6 x 10° cm’/(cm*s.cm Hg) at 600°C) and better Hy/N,
permselectivities (200-300) than the sol-gel derived microporous silica membranes evaluated
herein. Exposure to feeds containing H,O decreased membrane permeance significantly due to
densification of the silica membrane [54]. Although our baseline silica membrane materials
would be susceptible to the same problems, it is hoped that the surface derivatization approaches
used to tailor pore size in composite membrane materials might also impart increased stability in
terms of resistance to densification in high temperature environments containing H»O.

Even though it was difficult to compare the overall rate of catalyst deactivation in the
catalytic membrane reactor with that observed in the conventional packed bed reactor, the
important feature to note is that significant catalyst deactivation existed in either case. It might
be expected that the removal of product H, would further increase the rate of catalyst
deactivation in the case of the catalytic membrane reactor, since a much smaller fraction of the
product H, remains available to prevent coking of the catalyst surface and subsequent
deactivation relative to the conventional packed bed reactor. Even though many authors have
demonstrated that equilibrium conversion limitations can be exceeded using irn situ H, removal
{12,14,19,47,50,52,54,55,61], catalyst deactivation problems related to this methodology have
also been documented [12,14,19,50,52,53]. Al et al. [47] have demonstrated improvements in
conversion up to a factor of 4x (relative to equilibrium conversion values) for methylcyclohexane
dehydrogenation to toluene in a packed bed reactor coupled with in situ H, removal using a
composite Pd-Ag membrane. The largest improvements in conversion relative to the equilibrium
values were observed at lower temperatures and higher pressures (up to 20 bars). This work and
subsequent modeling efforts were performed using a pilot-scale unit under industrially relevant
conditions.

Problems with catalyst deactivation due to in situ removal of H, from
dehydrogenation/dehydrocyclization product streams have led several researchers to propose and
test the use of ex situ H, removal in conjunction with conventional packed bed reactors. Both
Rezac, et al. [51] and Al, et al. [46,48] have demonstrated three stage reactor/membrane/reactor
systems where ex situ removal of H, in the membrane only (no catalyst) stage was utilized to
increase conversions beyond equilibrium limitations while minimizing catalyst deactivation. It is
interesting to note that the former authors used a polymer-ceramic composite membrane to
accomplish H, removal, while the latter authors used a Pd-Ag membrane. In principle, there is
no reason that a microporous silica membrane could not be used with similar success in this
membrane only ex situ H, removal stage. Matsuda, et al. [52] noted that for isobutane
dehydrogenation in a catalytic membrane reactor, the performance of a Pt/Al,Os; catalyst
deteriorated rapidly due to deactivation such that it was less active than a Cr/Al,O; catalyst.
Interestingly, Pt-Sn/Al,O; catalysts performed significantly better in the catalytic membrane
reactor than Pt/Al,0O; catalysts, presumably due to suppression of coke formation [52].

Of special note is the work published by Ali and Baiker [46] on a three stage
reactor/membrane/reactor system (with ex situ H, removal in the membrane only stage) used for
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n-heptane dehydrocyclization to toluene. Their work was performed using significantly different
reaction conditions than our work; a Pt catalyst was utilized at reaction temperatures of 400-
440°C, 17 bar total pressure, H/n-C;H;4 feed ratio ~2, and LHSV values ranging from 1.2-1.9
h'. The largest difference in overall conversion to toluene in their multistage system relative to
equilibrium conversion values was observed at combinations of low LHSV values with low
reaction temperature. These authors also -observed significant catalyst deactivation with
increasing time-on-stream, even though H, removal was not performed in direct conjunction with
the catalyst bed. This deactivation was attributed to the low Hy/n-heptane feed ratios used for
their experiments; Bournonville and Franck [69] recommend a H/n-heptane feed ratio range of
3-10 for supported Pt catalysts. As pointed out in Chapter II, this is a delicate balance since
increasing the H, content of the feed beyond an optimum value lowers dehydrocyclization
activity and increases the likelihood of other possible reaction pathways (e.g., hydrogenolysis and
isomerization). Another problem is that the rate of n-heptane dehydrocyclization tends toward
zero as the partial pressure of H; in the feed approaches zero; this explains why even ex-situ
removal of H, using an interstage membrane separator can pose deactivation problems,
particularly if the feed to the second packed bed reactor used in the three stage system of Ali and
Baiker becomes H; deficient. Since all of our experiments utilized neat n-heptane feeds with no
added H,, this may explain the severe catalyst deactivation problems we experienced in both our
conventional reactor and catalytic membrane reactor experiments. This overall finding suggests
that the development of new catalysts which are less sensitive to the H, content of the feed and/or
product stream (in the case of a multistage system) is an important area of future work.

Summary

These preliminary catalytic membrane reactor experiments were a successful proof of
concept demonstration of the integration of the microporous composite silica membrane and
conventional packed bed catalyst technologies. At industrially relevant space velocity values
(WHSV = 3-8 h')), yields of the desired heptane dehydrocyclization products (toluene and Ha)
were low. There are two main reasons for the low yields observed in our catalytic membrane
reactor experiments: 1) catalyst activity was relatively low for this reaction; and 2) catalyst
deactivation occurred rapidly due to the removal of product hydrogen by the membrane. In order
to obtain higher yields with this catalyst, the reactor should be operated at lower space velocity or
in another, more effective reactor configuration. Since there are no thermodynamic limitations
on conversion in this application, the main purpose of the membrane is to separate H, from the
other gas species and not to provide an equilibrium shift. Therefore, a more promising
configuration would be to use a conventional reactor followed by a membrane separator. Since
for this case there would be no hydrogen removal in direct conjunction with the catalyst bed,
catalyst deactivation should be less of a problem in this “hybrid” reactor configuration. Other
potential modifications to the current scheme might include increasing the partial pressure of H;
to the reactor and/or recycling a portion of the product H, to help minimize catalyst deactivation.
The inclusion of H; in the reactor feed and as well as higher pressure operating conditions in the
catalytic membrane reactor would more closely simulate industrial reforming conditions and also
impose equilibrium constraints for which the catalytic membrane reactor unit could provide
additional benefits.
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These initial benchmarking experiments demonstrated that more active, selective, and
deactivation-resistant catalysts are required to increase liquid product yield and H; production.
Initial membrane performance was better than expected, especially in terms of membrane
selectivity to H, and overall membrane stability at high temperature reaction conditions over
extended periods of time. The current limitations imposed by relatively low catalyst activity and
significant catalyst deactivation are important challenges which must be overcome before it
would be practical to produce a prototype catalytic membrane reactor to demonstrate the
practicality of our H, generation scheme.

Overall Summary and Recommendations

Membrane development studies determined that it was not possible to replicate the
“thermal cut-off” behavior observed for baseline (solvent-templated) silica membranes. It was
possible to integrate ion-exchangeable HTO films into the structure of composite microporous
ceramic membranes, although the catalytic advantage of this integration was determined to be
minimal. However, additional fundamental studies related to microporous ceramic membranes
led to the development of surfactant-templated silica membranes with ordered
micro/mesoporosity.  Upon subsequent surface derivatization, the resuiting composite
membranes yield both higher flux and permselectivity to H, than previous composite membrane
options. These new composite membrane materials offer great promise for both membrane
separation and catalytic membrane reactor applications. '

Relative to the n-heptane dehydrogenation/dehydrocyclization activity of the commercial
benchmark catalyst (Girdler G-41 Cr/y-ALQs), the performance of Cr/HTO:Si catalysts is poor
due to a fundamental limitation of the Cr/HTO:Si technology. Although the results obtained
with the Pt-based/HTO:Si catalysts were inferior to the commercial Cr/y-AL,O; catalyst, these
preliminary results should be considered promising since it is clear that the chosen reactor
operating conditions were more optimum for supported Cr catalysts. Continued investigation of
Pt-based/HTO:Si catalysts under more favorable reactor operating conditions appears warranted,
including the use of a relevant commercial Pt catalyst benchmark and the careful discrimination
of thermal reactions and support acid site effects. Regardless of the supported catalyst used in
conjunction with a membrane separation system, it is clear that significant improvements in the
activity, selectivity, and deactivation resistance of these catalyst materials are required to enable
the utilization of catalytic membrane reactor units for chemical production.

The preliminary catalytic membrane reactor experiments were a successful proof of
concept demonstration of the integration of the microporous ceramic membrane and conventional
packed bed catalyst technologies. Further work with new optimized catalyst formulations that
have higher activity, selectivity, and deactivation resistance is clearly justified. This work should
also incorporate improvements to the microporous ceramic membrane materials where possible,
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such as the new composite silica membrane materials produced via the surfactant-templating +
surface derivatization route. Finally, in an effort to boost overall catalytic membrane reactor
system performance, design changes which allow for ex situ H, removal, the inclusion of H, in
the feed, and/or the recycle of product H; should be evaluated.
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