" BNL 51075 /

i H G o

7

MASTER
ALTERNATIVE PROCESS SCHEMES FOR COAL CONVERSION

PROGRESS REPORT NO. 2
FEBRUARY 1 - APRIL 30, 1979

May 1979

PROCESS SCIENCES DIVISION
DEPARTMENT OF ENERGY AND ENVIRONMENT

BROOKHAVEN NATIONAL LABORATORY
ASSOCIATED UNIVERSITIES, INC

UNDER CONTRACT NO. EY-76-C-02-0016 WITH THE

UNITED STATES DEPARTMENT OF ENERGY

{TED

HISTRIBUTION OF THIS DOCUMERNT 1S UNLIM



DISCLAIMER

This report was prepared as an account of work sponsored by an
agency of the United States Government. Neither the United States
Government nor any agency Thereof, nor any of their employees,
makes any warranty, express or implied, or assumes any legal
liability or responsibility for the accuracy, completeness, or
usefulness of any information, apparatus, product, or process
disclosed, or represents that its use would not infringe privately
owned rights. Reference herein to any specific commercial product,
process, or service by trade name, trademark, manufacturer, or
otherwise does not necessarily constitute or imply its endorsement,
recommendation, or favoring by the United States Government or any
agency thereof. The views and opinions of authors expressed herein
do not necessarily state or reflect those of the United States
Government or any agency thereof.



DISCLAIMER

Portions of this document may be illegible in
electronic image products. Images are produced
from the best available original document.



BNL 51075
uc-90

' N\ASTER (Coal Conversion and Utilization -

TID-4500)

ALTERNATIVE PROCESS SCHEMES FOR
COAL CONVERSION

PROGRESS REPORT NO. 2
FEBRUARY 1 - APRIL 30, 1979

Principal Investigator: MICHAEL J. SANSONE

Contributors:
Anthony S. Albanese
Meyer Steinberg

Work performed for
OFFICE OF FOSSIL ENERGY,
U.S. DEPARTMENT OF ENERGY
WASHINGTON, D.C. 20545

DISCLAIMER ™

This book was prepar
i work spansored by an agency of the United Siates Government,
o ey ey oo, i e uf e ernmluyees, .

represent:

Stat y
"Bcee;;'ovemmm ©r any agency thereof. Tha views and opinions of aut
tly s1ate or reflect thase of the United States Governmens or any

MEYER STEINBERG, HEAD
PROCESS SCIENCES DIVISION
DEPARTMENT OF ENERGY AND ENVIRONMENT

BROOKHAVEN NATIONAL LABORATORY
UPTON, NEW YORK 11973

TISTRIBUTION OF THIS DOCUMENT 18 UNUMITQQ/



NOTICE

This report was prepared as an account of work sponsored by the United States
Government. Neither the United States nor tho United Staics Deparunent ot Energy
(DOE), nor any of their employees, nor any of their contractors, subcontractors, or
their employees, makes any warranty, express or implied, or assumes any legal liability
ar respansibility for the accuracy, cumpleteness or usetulness of any information,
apparatus, product or process disclosed, or represents that itg use wouhl nust infringe
privately uwned rights.

Printed in the United States of America
Available from :
National Technical Information Service
U.S. Department uf Commerce
5285 Port Royal Road
Springfield, VA 22161 K3
Price: Printed Copy $4s&8+ Microfiche $3.68

<D
October 1979 300 copies



Table of Contents

Summary

Introduction

Cryogenic Separation.

Separations Using Gas Hydrates

Process Flowsheet
Reactor Design
Conclusions
References

Appendix

- iii .-

iv

14
17
27
28
29



Summary

A conceptual process for the separation of HZ/CH and HZ/CO/CH

mixtures using gas hydrates is outlined. A flowsheei has been dev:loped
and material and energy balances completed. The process energetics are
then compared with a simple single stage partial liquefaction scheme for
HZ/CH4 separation. The gas hydrate separation requires about 507 more
energy but becomes more competitive if the gasification process is operated
at pressures above the assumed 500 psia. The lack of kinetic data makes

it impossible to determine if the process is kinetically feasible, but

design calculations for a range of rates have been included.
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Introduction

In the first progress report, the importance of gas separation methods
to the economics of hydrogasification and catalytic gasification processes
was emphasized. This importance is due to the fact that these processes
require large amounts of recycled hydrogen or hydrogen and carbon monoxide
from which the product methane must be removed via some economical method.‘
For example, the Exxon catalytiC'gasificafion process utilizes a cryogenic
from H, and CO.

4 2
In this report, the energetics of a cryogenic separation process for’

distillation to achieve the separation of CH

hydrogen-methane mixtures are calculated and compared with the energy re-
quirements for the separation of HéﬁCﬁAand H2/CO/CH4 mixtures using a gas
hydrate separation scheme. It must be stated at the outset that the success
of the proposed hydrate process depends upon the kinetics of hydrate forma-
tion for which we have no data. Nevertheless, it is still worthwhile to
examine such a process within a thermodynamic framework to determine if
such a scheme is at least energetically, if not kinetically, feasible.

Cryogenic Separation

The separation of a mixture of HZ and CH4 via a single stage condensa-
tion process is illustrated in Figure 1. Since the vapor-liquid equilibrium
constants (K=y/x) are very different for these two gases, high degrees of
separation are achievable without the use of further rectification. Follow-
ing the procedure described in King} the equations for calculating the
compositions and relative amounts of the vapor and liquid streams in the

separation drum are

CH,
M., T K. K
2 KHZ cH,
Vg = Ky ox
H, )
VA -X
0. 7*5
wE = Z_XHZ
H, "H,



H2 - mole fraction Hz in the feed F

mole fraction H2 in the vapor V

where z

y
H,

e

The results of some of these calculations are given in Table 1. From the

n

mole fraction H, in the liquid L

first twelve rows it can be seen that the percent methane recovered increases
with decreasing temperature and with increasing pressure, In all these
cases, however, the residual hydfogen (up to 6% in the product stream)
is a potential problem since current govérnmcnt restriclivns on pipeline
gas requirel%'ﬂz or less. ¥ing ohow3 that Lhe euerygy reqiiired tor
refrigeration in this single stage process is given roughly by the latent
heat, of vaporization of methanc.at the exislLlng prnrrss prescurc. Thia
means that the latent heat is not recoverable in the exchanger since it
is available at too high a temperature.

Consider row 7 in Table 1. The energy requitred for operating. the
separation process at -250°F and 500 psia is calculated from the latent
heat of CH4 (}CH ) by assuming a Carnot refrigerapion cycle operating
between ambient temperature.and -250°F.

W= Q Ta;rref
ref

At 500 psia, ACH = 1664 Btu/lb#ﬁole s0 that Q = 1664 BEu/lb;mole X 0.4 =
. . / : : O [ :

666 Btu/lb-mole feed. Therefore '

530-210

W= (666) —575

= 1015 Btu/lb-mole feed

If it is further assumed that typical refrigeration cycles opefate at

407% of the Carnot efficiencies (see Dodgez), thgn

W = 2538 Btu/lb-mole feed = 7169 Btu/lb-mole CHA = 3983 cal/g-mole CH4

The separation step is shown in Figure 2. The fraction of methane recovered

in the product liquid is given by



Effect of Temperature, Pressure, and Feed Composition on H2/CH4 Separatien

Table 1

Basis: 1 mole feed

| % CH
T(°F) Plpsia) Ky R cH v Yeu L *ch in 1 Serean
- 4 2 4 4 H

1 -200 500 0.37 19 0.4 0.931 0.354 0.069 0.966 16.7
2 ~200 500 Q.37 19 0.5 0.766  0.354 0.234 0.966 45.2
3 ~220 200 0.32 50 0.4 0.874 0.316 0.126 0.986 31.2
4 -240 200 0.20 61 0.4 0.743 0.197 0.257 0.986 63.3
5 ~250 200 £ 0.14 70 0.4 0.692 0.138 0.308 0.988 76.1
6 -250 300 0.10 46 0.4 0.658 0.098 0.342 0.980 83.9
7 -250 500 0.075 31 0.4 0.635 0.073 0.365 0.970 88.5
8 -250 500 0.075 31 0.5 0.524 0.073 0.476 . 0.970 92.3
9 ~250 1000 0.06 15 0.3 0.723 0.056 0.277 0.937 86.5
10 =250 1000 0:06 15 0.4 10.610 0.056 0.390 0.937 91.4
11 -256 1000 0.06 15 0.5 0.496 0.056 0.504 0.937 94.4
12 ~297 500 _ C.014 48 0.3 0.704 0.014 0.296 0.980 96.7
13 ~297 500 Q.014 48 0.4 0.600 0.014 0.400 0.980 98.0
14 -297 500 0.014 48 0.5 0.497 0.014 £ 0.980 98.0

0.503
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Figure 1. Single stage partial condencation fu. HZ/CH4 separation
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(L)(XCHZ) (0.365) (0.970)

® )~ T0) ©-H)

= 0.885.

The preceding separation calculations are valid for HZ/CH4'separa—
tions. Similgr calculations could be done for HZ/CH4/CO mixtures if the
appropriate VLE data was available. )

Finally, it is necessary to compress the product methane to pipeline
pressure (1000 psia)t The stream is first heated to 12°F and then com~
pressed adiabatically to 1000 psia and a final temperature of 100°F as

shown in Figure 3.

W = -AH

]

~(256-216)Btu/1lb x 16 1b/1lb-mole CH, x 1/0.8

4

800 Btu/lb—moleACH4 = 444 cal/g-mole CH

4

Thus, the total work is 3983 + 444 = 4427 cal/g-mole CH4.'

Separations Using Gas Hydrates
Ciathraté cbmpounds are chemical species which are formed by the

combination of one stable compound with another element or compound in
which the former provides a cageé-like structure within which the latter
resides, There are no chemical bonds between the guest spécies and the
host compounds. The most important clathrate structures are held together
by hydrogen bonds. There are several different classes of clathrate
compouuds.3 A

~ Gas hydfates comprise an interesting and important class of clathrates.
When water is solidified in the presence of certain atomic or molecular
- species, solids resembling wet snow are formed. These solids are less
dense than normal ice and cannot exist in the absence of the guest molecule.
There are two common gas hydrate structures both belonging to the cubic
system. The first structure” (Structure I) consists of 46 molecules of
water hydrogen bonded in such a way as to form six medium cages (4.30A)
and two smaller cages (3.95A). If all the cavities are occupied, the

empirical formula is given by X:5.75 H20 where X is the guest molecule.



If only the larger cages are filled, the stoichiometry becomes X°7.67.

The second structure5 (Structure II) consists of 136 molecules of

water forming 16 cavities of size 3.91 A and 8 cavities of size 4.73 A.
Hydrates of this structure are formed by molecules which are too large

for accommodation in Structure I. For example methane forms ‘gas hydrates
with the first structure, while propane crystalllzes with the second
structure. Mixed hydrates also occur in which larger molecules like
propane occupy the larger cavities of Structure II while smaller molecules
like methane occupy the smaller cavities es well as some of the larger
ones. ‘ ‘ '

Methane and ethane form gas hydrates with Structure I while propane and
isobutane form hydrates with Structure II. Hydrates are formed by the
isomeric hutanes or by longer chain molecules only wiLﬁ great ditficulty. CO2
~and H,S-also form gas hydrates, while H, and CO do not.

A typica; phase diagram for a mixture of a light hydrocarbon and
water system is shown in Figure 4. To the right of line 1-2, it is
similar to a one component phase diagram. The line B-C is slightly above .
the vapor pressure curve for the pure hydrocarbon. Point C is the three
phase (liquid, gas, water) critical point. The line A-B represents the
conditions of T and P at which hydrocarbon gas and water combine to form
hydrate. P01nts A and B are 1nvar1ant quadruple points at which four
phases are in equilibrium. This is readily seen by application of Gibb's

phase rule

F=C+ 2 - P
=2+4+2-4=0
with F = degrees of freedom '
C= ne. of components
P = no. of phases
The lines in Figure 4 are unlvariant since _
_ =2+2-3=1
while the open areas are bivariant
| =2+2-2=2,

The point A occurs at approximately 0°C, the freezing point of water.
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Table 2 lists some thermodynamic properties of several gas hydrates.6
The dissociation pressure of CH4 hydrate at 0°C is .26 atm. This pressure
decreases for other members of the homologoussseriess. Sirnce our primary
concern is the separation of CH4/H2 mixtures-containing up to 40% CH4, this
requires high total pressures to achiévecthe requisite partial pressures
of CH4 for hydrate formation. Clearly, separations of ethane/hydrogen and
propane/hydrogen would be far less energy intensive

Figure 5 presents a plot of experimental P-T data forrseveral alkane-
water systems.7 Methane forms hydrates at higher temperatures than do ethane
and propane. The pressure required’for hydrate formationndecreases with
increasing molecular rize

As mentioned precviously, a mixed system of methane and propane will
form hydrates at pressures intermediate between those for the pure components
separat‘ely.8 The hydrate formation conditions for the CHA—C3H8=H20 are
given in Figure 6. At 35°F, five percent .propane in methane lowers the
pressure required for hydrate formation from 4507psia to about 120 psia.
The composition of the mixed hydrate sys:tem9 as a. function of pressure at
26.6°F (-3°C) is given in Table 3. The corrésponding phase diagram10 is
given in Figure 7. At a total pressure of 10 atmospheres with YcH 2 0.98
and Yo x = 0.02, the hydrate compound in.equilibrium with LlLis gas has the

empiriga§ formula

CH4 * 0.686 C3H8 . 12.30'H20

as computed from the data in Table 3. It.is: apparent that the addition of
small amounts of C3H8 tQ;méthane/hydrogen;mixtures will lower the pressure
required for hydrate formation but have.:thecadverse: effect of lowuring per
pass conversion to hydrate. The numberroffmoles of water required per methane
molecule encaged also increases whichi:ifncreases:the energy requirements.
(Each mole of water condensed requires :approximately 1440 calorises, the
heat of fusion of water.)

The thermodynamics of methane hydrate formation were reviewed by

Gle.w.11 and the principal reactions and enthalpies are summarized below.

CH, (g) b ca, (1) AH = -4668 cal/mole
_). [}
CH, (1) + nH,0(1) < CH, * nH,0(h) AH = -8228
= -12896

CH,(g) + nH,0(1) > CH, * nH,0(h) AH

4
-8 -



Table 2

Thermodynamic Data and Lattice Constants of Some Hydrates

Solute (in Dissoc. Max. temp. at Heat of formation Lattice
order of pressure which hydrates from pure water sconstant,
increasing at 0°C exist, °C and gas at 0°C A
bp) kcal/mole solute

A 95.5 atm . no maximum exists

CH4 26.0 atm no maximum exists ‘ . 14.5'

Kr 14.5 atm no maximum exists 13.94055

Xe 1.15 atm no maximum exists 16.740.5 - 12.0
C,H, 5.44 atm  no-makimum exists 15.0 ‘

C2H6 25.2 atm 14.5 : 16.3

N,O - 10 atm 12 ' 14.7 12.03
C,H, 5.7 atm 16 15

co, 12.47: atm 12020 14.4 12.07
HZS 1698 ormm 22955 14.8 . 12.02
c1, 1252 wmm 228.7 16.0 12.03
CH3C1 3811 wmm . " 21 18.1 12.00
50, 2297 12.1 16.6 : 11.97
CH3Br 187 +mm 14.5 19.5 12.09
CH3$H 239 ‘mm 12 16.6 12.12
Br, 43.90 mm 5.81 20.83 12.1
CyHg 1.74 atm 5.69 32 17.40
CHCL,F 115 mm 8.61 32.7

02H5C1 201 mm 4.8 31.9 17.30
CH,C1, 116 mm 1.7 29 17.33
CH3I 74 mm 4.3 31.4 17.14
CHC1, (5Q mm) 1.6 31 17.33




Table 3

Cumpasicion of the Mixed Hydrate (Structure II) of
Methane and Propgne, when in Frquilibrium with Iee and Gas alL
=3"C aw a Funetion of Pressure

Fraction of .
smaller cav- Fraction of larger cavities

Pressure ities occupied Occupied Occupied
atm by CH, by CH,. by CjHg Remarks
m1 ™2 Yp2 :

35.8 0.8836 0.8522 0 metastable CH,~hydrate
20 0.8088 0.1795 0.7646

10 10.6762 0.0309 0:9496 ) _ oo

5 0.4952 . 0.0060 0.9860 "homogeneous"

3 0.3317 0.0017 '0.9937 | solutions

2 0.1736 0.0005 0.9965

1.48 0 0 . 0.99795 C,Hg-hydrate

- 10 -



12,000
vV

10,000 - VA
8,000 —~
| 4 ]

6,000

4,000 : - T —

2,000 } g A ] —

1,000

500 g" [P

600 _ 3

e

e

-
.

400 SRL el

Pressure, psia

200

100
80

Lo g

“S
l
\

\
oot
O

RN

40

™

20

10

20 = 30 40 50 60 70 80 90

Tem perature, °F.

Figure 5. Hydfate forming conditions for paraffin hydrocarbons

- 11 -



1,500

1,000 p.

800

. @
600 ‘1‘9‘@/
500 /

4uuy -

300 /

200

NN N

\
\‘

N

100 A
/

80|

R\
N T\ )

60

N\
'

50

40

30

20 i, U SRR
30 3s 40 45 50 56 60

[
Tempurature, F.

Figure 6. Hydrate forming conditions of methane-propane mixtures

- 12 -



Porm

”
e g FE H_+H_+ICE
AT 8 I I [
o — |18
My #6 +ICE :
22 4 !
I
'
(]
" G\Hyt 0+ 10E :
c !
[]
___________ Fl
/8 \
\ Ho # ICE
12
HI+6+/C[ o
10
A
p \ i
., \
. \\ \
[] (-] i
4N 1
N )
N
2 'oo\ oo .
6 + ICE o S

10 20 30 40 50 60 70 80 90

(4 /'/4 mole % 63 ”8

Figure 7. Isothermal cross section of the system H_0-CH —C.H
. A 2 4 7378
on a water-free basis at -3°C

- 13 -



The subscripts g, 1, ‘and h correspond to gas, liquid, and selid hydrate,
respectively and n = 5.75 which implies that all cavities are filled. This
contradicts the theoretical occupancy of 83% as derived by van der Waals
and Platteeuw.l2

Process Flowsheet

A coenceptual process flowsheet for a process ufilizing gas hydrates

- for CHA/H2 separation is shown in Figure 8. Feed gas from the hydrogasifier
. enters the process after acid gas removal. The CH4 concentration ranges
from 30 to 50% at a total pressure of 500 to 2000 psia. After compression,
the gas is cooled to 32°F and fed to the hydrate reactor. This reactor
will probably bé a spargéd bubble column and may require agitation. Tn
order to ensure adequate partial pressure of (‘.H4 for hydrate formation,

the vessel will be operated at 2000 psia resulting in the required methane
partial pressure of 400 psia (20% CH4 in the effluent stream).

The hydrate crystals are removed from the bottom of the reactor,
separated from the brine, and transferred to the decomposer.

The decomposer is operated at 2000 psia and 60°F. The product methane
is dried, heated, and expanded in a turbo—éxpander,to 1000 psia. Notice
that the incoming stream (1) and the recycle stream (11) are both at 500 psia
and 100°F which are chosen as the reference conditions. The process as
described is applicable both to hydrogasification processes (HZ/CH4 separa-
tion) and to processes such as Exxon catalytic gasification (HZ/CHA/CO
separalivns) since ouly methane forms gas hydrates.

The material balance given in Figure 8 does not include the gases
dissolved in the aqueous streams. The slurry leaving the hydrate reactor
is assumed to be 15% solid hydrate. vaiouSly, higher slﬁrry concentra-—
tions would be beneficial since this would reduce the required water
recycle load.

The energy reduirements for the hydrate separation process are sum-—
marized in Table 4 below and the calculations included in the Appendix.

A refrigeration cycle is beinngperated between the decomposer and the
reaction vessel to transport the heat of fusion between the two units.

Two turboexpanders, one on the product stream and the other on the recycle
stream, are being used for power recovery. Refrigeration requirements are
computed at 407% of the ideal Carnot efficiencies. Cooling water pumping

requirements are not included.

-14 =



Table 4

Feed Gas Compression

Feed Gas Cooling

Heat Pump Between Reactor and® Decomposer -

Power Recovery (Product Stream)
Product Stream Heating
Power‘kecovery (Recycle Stream)
Recycle Stream Heating

Water Pumping

102,629 hp

7,593 hp

35,559 hp

(6,222)hp

2,555 hp  4.97 x 10° Btu
©8,633 hp) min

31,260 hp 2.68 x 106 Btu.

‘ T
8,344 hp min
133,085 hp

- 15 -



- 9T -

HEATER EXPANDER @

WORK
R <9> @ /] PIPELINE GAS
V/L SEPARATOR S/L SEPARATOR . ~
@ STEAM
HYDRATE DECOMPDSEi%J
REACTOR
HEATER é g
COOLING
STEAM @ WATER BRINE
@ WORK ¢/ o c—/
RECYQLE COOLER  COOLER ~
GAS TO & @
GASIFIER ™ EXPANDER @ .
BRINE
, COOLER )
g i l c=) o &
COMPRESSOR PUMP PUMP COMPRESSOR
STREAM KO. 1 2 3 4 5 6 7 b 9 1 11 12 13 14
TEMP. (OF) 120 373 3z 32 2 .60 205- 100 32 33 100 60 32 32
PRESSURE ‘psia) 500 2000 200C 2000 2100 2000 2003 1000 2000 200D 500 2000 2000 2000
FLOW (MBS /hp) : .
Co + i, €5333 065963 65962 0 0 0 3 0 65963 bH5963 65963 0 0 0
H, - 43375 43975  4397¢ 0 0 27497 27487 77487 16438 16283 16438 0 0 ) 0
CH, nH,0 0 0 C 27487 27487 0 ) 0 0 2 0 0 0 0
1,0 0 - 0 C 1034070 153050 ] 0 0 ] 0, 158050 1034070 1192120

“JTAL 109938 109938 10993€ 1061557 185537 27487 27487 27487 32451 3zt50 82451 153050 1034070 1192120

Figure 8. Conceptual process flow diagram methane separation 57 hydrate formation



The largest single energy requirement is the compression of the
feed .gas from 500 to 2000 psia. . Since hydrogasification processes will
probably operate at higher pressures (1000 to 2000 psia) these costs
may be substantially less. The water pumping costs are those incurred
for handling the large flow of brine solution (42,933 gpm) between the

reactor and decomposer.

Reactor Size

The size of the reactor vessel will be determined by the kinetics of
the hydrate process. Since there is no available data, it seems worth-
while to estimate the size required for a series of different rates. The
reaction will be assumed to be pseudo first order, i.e., independent of
HZO concentration since this component is always present in constant
concentration of 55.5 moles/liter and first order in methane concentra-
tion.

In order for reaction to occur, methane must first dissolve in the
liquid. Since the product of this reaction is é solid hydrate, the reaction
vessel should not contain packing since product removal would become a
problem and the column might become clogged with product. Thérefore;

a sparged or agitated bubble column reactor might be the best choice. It
should be noted that if the intrinsic kinetics of the hydrate formation

are rapid compared with mass tranafer of methane from the gas to the

liquid phase, then reactors which maximize surface tb volume ratios such

as spray ar packed columns are more efficient than bubble columns. For slow
reactions, the bubble columns become more efficient.

Mass transfer with chemical reaction is treated at length by Danckwerts13
and in several papers by van Krevelen aud Hoftijzer,14 and Rridgewater
and Carberry.15 The simplest treatment utilizes the concept of film theory
wherein a thin gas film and a thin liquid film exist at the gas-liquid
interface. It is assumed that reactant A is transported from the bulk
gas through the gas film and across the interface into the liquid film.
Depending on the reaction rate, reaction occurs somewhere totally within
the liquid £ilm, in the film and in the Lulk, or, for very slow reactions,
totally within the bulk liquid phase. It is further assumed that the

liquid phase reactant B is non-volatile. The reaction can be gas phase

-17 -



controlled, liquid phase controlled, chemically controlled, or a.
combination of these depending on the relative rates- of the mass transfer
and kinetic processes. A schematic diagram is presented in Figure 9.

A complete analytical solution for mass transfer with accompanying
pseudo first order reaction has been given by Kramers and Westerterp.

and is summarized below for the reaction A(gas) + B(liquid) = products.

. . . KLA.a
_ KL _ rate of absorption with reaction - i’ T
E= K o - rate of absorption without reaction K{ Ajaq
¢(a-1) + tanh?
= & e (1)
1+¢(a-1) tanhd
v ¥ B 1, BD
where o = ;LE , 0 =8 52—- = _Zgli_
T A . KL
and VL = total liquid volume

ap = total interfacial area

8§ = liquid film thickness

KZB = Kl = pseudo first order rate constant
B = concentration of B in the bulk

= liquid phase diffusivity of A

D
CA
Kz liquid phase mass transfer coefficient without reactisn
. ' .

" " " " "

[}

with reaction

E = enhancement factor
A plot of E vs. & withwatasrparameteraiszgiVen.in'Figure,lO.‘ The_fbllowing
1imiting'caéeSLare'df,interest,« .

Case I. Very.fast rgactiéns :

In this case ¢ > 2 so that /EEEBA > Kz and tanh® » 1. Then

BD

and the reaction rate is at least twice as fast as the ﬁnenhancéd rate.
Case II. Fast reaction ‘
For 0.5 <& <2.0, KL/Ki must be calculated according to (1) above

since there are no simple limiting approximations: 'KL is still greater

- 18 -
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than Ki so that absorption is enhanced.

Case ITII. Intermediate reaction

If KZB is small, then ¢ is small and tanh® > 9,

Equation 1 becomes

KL a@z

o = (3)
Ky cx<I>2— 9% + 1

If at the same time o is large, then a@? >> 1 = ¢2 and (1) becomes

S

e

A

As noted on Figure 10, this regime is represented by horizontal lines

1

where the reaction ratec is such that reaction occurs throughout the
laminar film and some reaction takes place in the bulk liquid.

Case IV. Slow reaction |

This is another transitional region. ¢ is small so that tanh® -+ ¢

and equation 1 becomes

- P(a - 1) + ¢
E=? G oDe? 71
(5)
_ a@z L
1+ a¢2

In the regime KL/Ki lies roughly between 0.1 and 1.0 and much of the
reaction takes place in the bulk.

Casé V. Véry slow reaction

If KZB is small and, in addition, o is small so’that a@z <<1

then

K
The regime is shown in Figure 1Q as that part where the slope of the
o lines are all 2.0 and KL/KE is smaller than 0.1. The reaction is

so slow that bulk chemical reaction is now rate controlling.
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Table 5, adopted from Levenspie1,19 presents typical values of
interfacial area/unit liquid volume (a), volume of liquid/volume of film
(0), and volume fraction of liquid (f) for various gas liquid contactors.
It is clear from this table and Figure 1Q that for values of ¢ below
1.0, the type of contactor becomes important with bubble columns being
far preferable to spray towers or packed columns.

It has been assumed throughout the above discussion that gas phase
resistance is negligible. This is generally the case when the reacting
gas has a low solubility in the liquid provided that its concentration
in the gas phase is not too low. This is definitely the case with the
system under study.

Frdm Perry's H’andbook,17 the value of Kia for the system OZ-HZQ
in a sparged bubble column at a superficial gas velocity UG = 0.7 ft/sec
is Kia(pz-ﬂzo) = 550 hr 1. The diffusivities for 0,-H,0 and CH,-H,0 at

2 2 4 2
about the same temperature are

5

(02~H20) = 2.41 x 10 cmz/sec

D) 50¢

' _ -5 2
DZOOC(CH4-H20) = 1.49 x 10 cm” /sec

Using Eq. 18-146 in Perry's leads to the following value of Kza.

1/2
0 _ 1.49 _ -1
KLa (CHQ—HZO) = 550 (ETZI) = 432 hr ~.
The total gas volume to be handled by the reactor is calculated to

be:

9 day hr
1 x 10” scf/day x 5;%5= X 3¢50 5ac

= 11,574 scf/sec

14.7 492 ~

11,574 scf/sec x 5000 * 330 - 79 acf/sec

where acf is actual cubic feet.

If the superficial velocity is U, = 0.7 ft/sec, then
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Table 5

Contactor

_ Interfacial Area

~ Volume of Liquid

(en 1)

Volume of Liquid

il

Volume of Film
Vi./afdé

Volume Fraction
of Liyuld {f)

Spray Column
Packed Column
Pla;e Column

Agitated Bubble
Column

Bubble Column

N~ 12
12
10

2

0.2

~ 2-10
10-100
40-100

150-800

4000-10000

a 0.05
0.08
0.15

0.9

0.98
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79 £¢35

sec h :
0.7 ft : 113 ft

sec

2

requiring a’column of diameter D = 12 feet. A superficial gas velocity
of 0.7 ft/sec is quite high and would result in a high degree of backmixing
"in the reactor. The hydrodynamic regime would be highly turbulent.

A gene;al design equation for columns is derived in Levenspiel18 and
will be used for order of magﬁitude estimates for calculating:the required

tower height. G' has been assumed constant for convenience.
. : Y : ‘
G'P, A ey
oy (-rA) L

h =’height of tower (feet)
P

where

= partial pressure of inert gases (atm)

I
m = total pressure (atm)
G' = total molar flow rate of gas Ab-moles,
ft -hr
Y = moles methane

A moles inerts

Since Y, .= P /P

A APy the equation can be rewritten as follows:

Grpa | @

Consider Case I above where E = KL/KE ‘'so that the rate is enhanced by

chemical reaction. Then

. l R °aP E
so that
K2 A
_¢ _H Fay
Tow K{aE In P, (10)



Now G' = 972.9 %%E%%%E assuming a column diameter of 12 feet.

Therefore
3
_ lb-mole 404 1-atm 454 g  ft hr ,.800 1
B =0972.9 052 ¥ gomole X 1b ¥ 2831 X437 X IMj00 X
2000
14.7
= l%é-feet ' (11)

Thus, the tower height is inversely proportional to the enhancement
factor which is directly proportional to the square root of the
pseudo first order rate constant. Note that for Case III, where the rate
is unenchanced E = 1 and the required tower hecight.would be 74 feet.

For slow reaction, Equation 10 should be modified by substitution

of the bulk reaction rate for Equation 9 (see Levenspielzo).

PA
we% [P A ' - (12)
nf —rA(PA)
PA
1
PI
dN
T, = - AT K,BA, = K,B PA/ﬁ (13)
Substitution of (13) into (12) and integration yields
' P
_G'H Aq
h=1Fxs M3
2 A
2
972.9 lb-moles 404 l-atm 454 ¢ ft3 800
2 = X Tp . *28.31 % ™00
= hr-ft~ g-mole t
2000 0.0555 sec
14.7 atm x 0.09 x sec x 3600 he
= 164 ft

The above calculation assumed a rate constant of 0.0555/sec. Table 6

summarizes the results of calculations for various assumed rate constants.
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Comparison with Ideal Separations

I. 1Ideal vs. Cryogenic Process for H2/CH4 Separation
The minimum energy for the separation of a 60/40 HZ’CH4 mixture into
the product and recycle streams shown in Figure 2 is calculated (see
Progress Report No. 1, p. 20, Eq. 14) to be
AG_ . 271 cal/mole feed
min
"766 cal/mole CH

4 separated

The actual energy for a cryogenic separation utilizing partial liquefaction
was calculated to be about 4427 cal/mole'CHa. The process efficiency is

given by
_ _166
4427 -

which is at the high end for cryogenic efficiencies,

= 0.173

II. TIdeal vs. Clathrate (Gas Hydrate) Process for H2§§4 and HZ/CH,/CO

Separation

The minimum energy required for the separation of a 60/40 (H2 and CO)/CH4
mixture into the product and recycle streams shown in Figure 11 is calculated
to be 705 cal/mole CH4 separated. The streams compositiohs coincide with
those employed for the gas hydrate process outlined previously. The CO
levels will probably not amount to more than 20% in the feed stream. R
and P are recycle and product streams.

The total power requirements for the process are summarized in Table 4.

Converting this number to cal/mole CH, separated yields the following

4
1

133085 hp x z x 379 scf/lb-mole x 24 hrs/day x 3600 sec/hr
250x10° scf/day CH4
< 220 ft-1b/sec x Btu x —cal/g-mole
hp 778 ft-1b 1.8 Btu/lb-mole

= 6849 cal/mole CH4 separated

The efficiency is
: o o= 103 _
N = CBiE 0.103
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Table 6

K2 Kl = KéB . ‘o Tower’
o . E=K/I Height
liters ‘ secl LY KL L (feet)
mole-sec o=4000 «=10000
1000 55,500 11.5 11.5 11.5 - 6.4
100 5,550 3.6 3.6 3.6 20.6
10 555 1.1 - 1.3 1.3 57
5 277.5 0.8 1.1 1.1 67
1 55.5 0.36 1.0 1.0 74
0.1 5.55 0.11 0.98 0.99 76
-0.01 0.555 0.036 0.84 0.93 88
0.001 0.0555 0.0114 0.34 0.56 A ,164
0.0001 0.00555 3.62.x% 10-3 : +0.05 0.16 - - 1640
P \e
D, = 0.85 x quS cmzlsec © = 0.06 cm/sec
A 2 ‘ ’ - . R IS‘ .
Kza = 432 Ar L Diameter of .Tower = 113 ft2
a=2.0 cm_l *Does not inclnde disengagement obaée;
F = 1.0 MOLE R=0.75
—_— -2 .
Zc"4 = 0.4 cha =0.2
1"2 l YNZ-
0.6 S=o0.8
Zeo Pz0.25 vm} :
Yo, !

Figure 11.
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Conclusions

A comparison of the gas hydrate process with a cryogenic separation
of'H2/CB& indicates that the cryogenic system is less energy intensivé
and probably superior. However, this is based on a 500 -psia incoming:
stream. If the process operates at substantially higher pfessures (1000
to 1500 psia), then considerable compression cost savings could be
realized making the process more competitive. For the separation of
H2/COICH4 mixtures, the gas hydrate energetics are roughly the same.
whereas a cryogenic system would probably require a distillation column
to ensure CO removal from the product stream. CO does not form a gaé
hydrate. ‘
' One major protilem of the process as outlined is the reduction of the
CH, concentration to 20% in the recycle stream.. This is ﬁrobabli'gn4
acceptably high. To reduce this to a level of say 9 to 15% would require
an increase in the total‘proceéé pressure so that the methane part{a1
pressure is above the decomposition pressure (v 400 psiaj; It also
might be possible to utilize substantial quantities of probane in the
process to lower the pressure by trapping methane in the Structure II
lattice formed by propane as discussed in tﬁis report. This would require
a propane recovery system. .

Finally, the‘moét”important unknown is the Einetics of'hyd?ace_fofma-
‘tion. A look at Table 6 shows that there is a probable cut off of'pfocess-
feasibility at the value of K, = 0.0555 sec”l)’ An order of magnitude

lower would require over 1000 feet of reactor.
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Appendix

I. Feed Gas Compression

X = 0.4 X = 0.6
CH4 Hz

m = 500 psia

T = 100°F

Feed rate = 1.0 x 109 SCFD = 1.832 x 103 1b-moles/min

The gas is to be compressed from 50Q to 2000 psia. The required

number of stages n is given by the condition

where Pf is the final pressure and Pi the initial pressure. Assuming.
an efficiency n of 0.8, adiabatic compression, and using vy = 1.41 (for HZ)’

the horespower is given by

y-1
(0.0643) T, v q p_\"
h o= L "o S
P 520(y-1)n Pi
1.0X109
(0.0643) (560) (1.41) 24x60 40.41/1.41 -1
(520) (0.41) (0.80)

102629
where q, is the volumetric flow rate in standard cubic feet per minute

and Ti inlet temperature. The requirement for ideal isothermal compression
at 1007 efficiency is 66,596.

The temperature of the gas leaving the compressor is calculated from
-1
= (4)

T2
T

"UI"U
=N

(o.41/1.41)= 1.496

s0 that

T, = (1.496)(560) = 838°R = 378°F
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IT. Feed Gas Cooling

CH4 H2
CP mean 8.38 CP mean 6.88
1 1
mix
CP' = (0.4)(8.38) + (0.6)(6.88) = 7.48 Btu/lb-mole OF

The required rate of heat removal for reducing the temperature from 100°v

to 320F is

M C AT = (1.832 x 103) (7.48) (100-32)
5 -

9.32 x 10 Btu/min

The refrigeration load is calculated using a Carnot cycle operating at

Q

407 efficiency.v

T
n Tl
5 B
_9.32 x 107 560-492 .5 :
= 0740 4 492 = 3.22 x 10° Btu/min
= 7593 hp

(Note: 1 Btu/min = 2.358 x 1072 hp)

III. Heat Pump Between Reactor and Decomposer
The heat of reaction for gas hydrate formation from methane gas and water

is -12,830 cal/mole.

aH,0(1) + CH,(g) = CH, * nH,0(0)  n = 3.75

4

The total heat evolved is

cal
g-mole

1b mole i'1.8 Btﬁ/lb-mole
119.8 1bs cal/g-mole’

5.49 x 10° 1bs hydrate/min x x (~-12830)

7

= -1.06 x 10° Btu/min

The same amount of heat is required for decomposition. If a heat pump is
used to transfer the heat of reaction to the decomposer, the work fequired

at 407 efficiency is given by
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we? Tdecomp™ Treactor
o :

T
reactor

1.06 x 10’ 520 - 492

0.40 492

1.508 x 105 Btu/min = 35,559 hp

. IV. Power Recovery (Product Stream)

The decomposer preésure'ié 2000 psia at 60°F. It is desired to adjust
this stream to a final pressure of 1000 psia and a final temperature of
100°F, using a turbo-expander. The work, Ws,'recovered is obtained from
a pressure-enthalpy diagram for methane. In.order to achieve a final
temperature of 100°F, it is necessary to - heat the incoming stream from
60°F to 205°F (see.next section). The recovered work at 75% efficiency is

given by

~WS‘= - AH = =256 + 304

(-256 + 304)Btu/1b x 16 1b/1b-molé x 27487 ib-mole/ﬁf x hr/60. min.
x 0.75 ‘
= 2.64 x 105 Btu/min
= 6222 hp

V. ‘Product Stream Heating

The heating requirement for raising the product streams from 60°F to

205°F is

27487 1b-moles/hr x hr/60 min x 7.48 Btu/lb-mole °F x (205-60)°F
4.97 x 105 Btu/min

The work lost is that work which could be derived from a reversible heat

q

engine operating between ambient temperature and 205°F.

Ta ~ To

Th

W=0Q

%65
1.08 x 10° Btu/min = 2555 hp
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VI. Power Recovery (Recycle Stream)

The recycle stream is sent back to process at 500 psia and therefore

must be reduced in pressure from 2000 psia to the process pressure.

T = 380°F T = 100°F
P = 2000 psia P = 500 psia
H = 2900 _ H = 900 Btu/lb
W
s

W = (2900 - 1900) Btu/1b x 2 1b/mole x 82451/60 mole/min x 0.75

2.06 x 106 Bru/min = 48,633 hp

i

The above calculation assumes a 100% hydrogen stream and 75% recovery
efficiency.

VII. Recycle Stream Heating

The heating requirement to heat the recycle stream from 32°F to 380°F
is '

=821 b moles 7 98 Bru/ib-mole °F x (380 x 32)

3.48 x 106 Btu/min
Operation of a heat engine between 380°F and ambient gives a measure of

the lost work.

6 840-520
840

3.48 x 10

1.32 x 106 Btu/min = 31,260 hp

VIII. Water Pumping

The power requirements for pumping the large quantities of brine
between the reactor and the decomposer are calculated by assuming
a pressure drop across the pump of 100 psia and another 100 psia due to

hydrostatic head and friction losses.
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Ah = 200 1b ,/in® x 144 in’/ft” x ££7/62.4 1b
= 461.5 fe-1b/1by

The horsepower, assuming an efficiency n = 0.6y is

m Ah

hp =
p n
5 1b '
=<3’586g 10 séf [461.5 fe-1b, hp 1
ib_ 550 ft-1b_J0.6
m —f
. v . sec
= 8344 :

This is the horsepower required for pumping all the water which includes
recycle from the reactor and water from the decomposer. In practice

two pumps will be required to generate this power.
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