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SECTION 1
INTRODUCTION
1.1 Objective

1.

1

2.1

.2.4

The objective of Trade-off Study I is to determine the operat-
ing pressure for a Commercial Plant to produce 3500 STD ammonia
from coal, using the Texaco Coal Gasification Process System
(TCGP System), and based on an overall optimisation of
operating and capital costs and the examination of the relevant
associated technical parameters which change with the selection
of pressure. '

Scope

For the study, a range of pressures was selected for the coal
gasification stage which adequately extend the range of current
knowledge and proven technology into areas which may yield a =
potentially more economic solution. The four pressures selec-
ted for the detailed study were 800, 1200, 1500 and 2500 psig.
The pressures refer to the operating condition within the
Texaco gasifier. Subsequently, following preliminary results
from the study of these four cases, some less detailed
engineering definition and estimating work was done for a
pressure case at 500 psig to establish cost and performance
trends below 800 psig.

Processes which are necessarily associated with the production
of ammonia from coal gasification by the Texaco partial oxida-
tion process are also examined for determination of relative
sensitivity to operating pressure. This vart of the study also
includes an examination of associated HP steam generation and
the development of a steam system and energy balance.

The study seeks to establish the principal cost step changes
and equipment breakpoints which occur as the pressure is
increased. Examples examined include the number of process
trains, number of heat exchanger shells and unit design, piping
and valve specification and rating changes, number of
compressor casings and stages required for major duties.

For the purpose of this study only the Rectisol process is con-
sidered in detail for the removal of CO; and H,S from the
gasifier product stream. Although other. washing processes will
be considered at a later stage of development of the Phase 1
study it was, for a first approximation, considered that all
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1.2.5

1.2.6

1.2.7

washing processes should be equally sensitive to pressure on a
differential basis, and therefore the use of alternative
processes to Rectisol would not influence the overall ‘decision
for the selection of the optimum pressure.

No attempt is made to optimise the ammonia synthesis loop
section.

Comparative data @re considered from competing suppliers to
optimise the CO shift system.

Coal preparation plant, offsite power generation and sulphur
removal Units are considered as common entities to all pressure
levels, differing from case to case only marginally in scale.

Air separation is similarly regarded as common to all the cases
considered except for a variation in capacity of about 5.5%
over the range of pressure cases. Raising the oxygen to the
pressure required, either by compression or by liquid pumping
prior to vaporisation of the oxygen, raises questions of the
most suitable technology to be applied, and these are
considered in Section 3.4 "Commercial Evaluation and Risk
Analysis". :
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Section 2

CONCLUSIONS AND RECOMMENDATIONS

Comments in this section relate to the following data which is
included in Section 4.,

Plant operating and ammonia production cost breakdown»(pig 4-2)
Energy consumption. (Fig 4-3)

Estimated installed plant capital cost - effect of pressure.(Fig4-1
Tabulated operating costs.(Table 4-2)

Tabulated capital costs - for four pressure cases. (Table 4-1)

An overall process block diagram - showing the number of trains
in each process unit - is included in Section 3.

2.1 = Conclusions

2.1.1  Energy Consumption

Coal provides the feedstock to the gasifier, and also the.fuel
for firing the HP boilers. Electrical power requirements are
imported from the supply grid.

Gasifier feed coal requirements increase by about 9% within
the gasifier operating pressure range 500 to 2500 psig.
However this increase is compensated by a reduction of 51% in
coal required for HP steam generation within the same pressure
range.

The net effect of these two trends is that the total coal
consumption is at a maximum at 500 psig and is almost constant
within the pressure range 1200 to 2500 psig, suggesting that
no further advantage is gained by gasifying at pressures much
above 1200 psig.

Electricity consumption is at a minimum level at 1200 psig and
begins to rise steeply above a pressure of about 1500 psig.

2.1.,2 Capital Cost

Preliminary plant capital cost evaluations showed that total
plant investment costs increase above a gasifier operating -
pressure of about 1000 psig. This evaluation was based on
limited data for the Texaco gasification stage and a Eurovean
budget estimate for acid gas removal and nitrogen wash units.
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To improve the definition in certain critical areas the
following additional work was done:

~ Calculation and production of a definitive basis for the
Texaco coal gasification process (TCGP) system with the
number and size of gasifiers and associated equipment items
accurately determined for the proposed coal feedstock and
design basis.

- Reevaluation of the number of trains and size of columns re-
quired for the Rectisol unit operating at feed gas pressures
corresponding to the gasifier unit within a range 800 to 1500
psig, and preparation of a new cost estimate in the U.S.
relating this design to proven experience under installed
U.S. conditions.

Resulting from this work, decisions affecting the numbers of
units and trains in the gasifier and Rectisol process sections
based on additional work and data have enabled the production’
of an overall block process schematic defining the number of
trains in all principal process areas. This drawing is
included in Section 3.

Revised capital cost estimates based on the improved plant-
definition show the following trends within the increasing
pressure range 500 to 2500 psig.

Units with near-constant cost:

- Sulphur recovery
- Ash and carbon handling
- Coal preparation and handling

Units with steadily decreasing cost:

- Boiler and offsites
- Ammonia synthesis section including compression

Units with steadily increasing cost:

- Air separation plant and oxygen compression

- CO shift; vessels increase in cost, but heat exchangers and
catalyst decrease; the overall effect is to increase the unit
cost with pressure '
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Units showing a minimum cost at some point within the pressure
range considered:

- Gasification

The combination of number and size of gasifiers and associa-
ted equipment per train, and the effect of pressure on the
weight of vessels, produces a minimum total cost for the 1200
psig gasifier pressure case.

- Rectisol

Recent data indicates a minimum cost for the 1200 psig
gasifier pressure case. This result is the outcome of the
combined effects of pressure on the solution absorption
performance and weight of vessels and exchangers.

- Nitrogen Wash
The estimates show constant cost from 800 to 1200 psig with
increasing cost above this pressure. This trend is explained
by:

a) Low pressure plate fin exchangers can be used for the 800
psig case.

b) High pressure plate fin exchangers are required for the
-~ 1200 psig case.

c) Coiled exchangers are required above the 1200 psig case.

d) The cost of the exchangers increases in proceeding from
Condition a to Condition ¢ above.

e) Increasing the pressure in the range 800 to 1200 psig
favours the absorption reaction, hence lowering vessel
costs; but further increasing the pressure introduces
possible problems from interaction of high-density phases.

Overall Capital Cost for 3500 STD Ammonia Plant

Combining the costs estimated for the individual plant sections
yields a minimum cost of US$267m for the 1200 psig case.

The estimated cost at 800 psig represents an increase of about
5% over - this minimum, whilst there is amn-increase of about

20% for the 2500 psig case.
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2.1.3 Ammonia Production Cost

The operating costs for five pressure cases are summarised
in Table 4-2 included in Section 4. The total ammonia cost
is obtained by adding together the appropriate costs for:

- Raw materials and utilities, principally coal and
electric power;
- Operations, including labour, supervision and maintenance;
N - > variable overhead;
- Credit for sulphur byproduct;
- Capital charges including depreciation and finance
charges. ’

The figures for the last of the above categories, which

l includes an appropriate allowance for rate of return on
investment, are directly proportional to the capital costs
given in the bottom line of Table 4-1, and as such are
subject to the exclusions in Note 4 to that table; these
exclusions are however common to all fives cases and
therefore do not invalidate the comparison. The ammonia
production costs given in the bottom line of Table 4-2 also
make no provision for product distribution and marketing which
again does not affect the comparison.

On this basis, the minimum ammonia production cost of US$127
per short ton corresponds to the 1200 psig gasification case.
This ammonia cost is about 9% lower than the cost for
production at the 500 psig case, and 12% lower than the theore-
tical cost (ignoring lower potential plant availability and
higher risk factors) for the 2500 psig case.

2.1.4 Gasification Pressures Above 1200 psig

Texaco partial oxidation of oil and associated downstream

gas washing systems have been demonstrated at about 2400 psig

on a pilot scale. Coal gasification by the Texaco process

has recently been demonstrated on a semi-commercial plant in
West Germany at a design pressure reported to be between

500 and 600 psig. The next stage of pilot plant experimentation
currently planned by Texaco within the foreseeable future will
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only permit demonstration up to pressures not exceeding 1200
psig. The demonstration of gasifier product gas composition,
especially the detailed analysis of trace components present,
will be of importance for fixing the detailed design of the
downstream gas washing and treatment plant.

Demonstration of the Texaco coal gasification process for the
production of synthesis gas in a commercial-size plant opera-
ting at a pressure of 1200 psig also has the benefit of meeting
the requirements to generate gas which, after methanation
stages, could be used directly as pipeline gas at 1000 psig.

Unquantifiable risks would be involved in constructing a pro-
duction unit at an operating pressure not satisfactorily
demonstrated by pilot plant operation. The principal

objective of the current pilot plant programme is to confirm

the predictions of performance at gasification pressures up to
1200 psig used in the preparation of this revort, after which
the economics anhd risks of operation at a higher pressure can be
more realistically evaluated.

Acid Gas Removal

The correlation of cost versus pressure so far obtained for
Rectisol indicates that high pressure results in a considerable
increase in equipment costs for this process unit. The same
conclusions for Rectisol unit performance versus pressure may
not apply with some alternative gas washing processes. The
results of Trade off Study II (TOS II'), "Gas Purification
Alternatives", could indicate that lower overall capital cost
and improved operating economics and performance are obtaimed
from one of these alternative processes.

Recommendations -

Proceed with the engineering specification and cost estimation
of a Commercial Plant to produce 3500 STD of ammonia from coal
using the following design and operating conditions and process
selection:

1. $Synthesis gas preparation.plant section to be based on an
operating pressure of 1200 psig in the Texaco gasifier.

2., The plant to consist of four trains of Texaco gasifiers and
associated equipment. The plant shall be capable of main-
taining the full ammonia production capacity with three
gasifier trains on line.
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3. Optimisation of' the process variables within the TCGP shall
be done at a gasifier operating pressure of 1200 psig, and
design conditions shall be selected to achieve an overall
plant optimisation at this pressure level.

4. The final selection of the acid gas removal process to be
used shall depend on the results obtained from TOS .IL. The
feed gas operating pressure shall correspond to a
gasification stage reference pressure of 1200 psig.

5. The HP steam system shall be specified at 1500 psig, 940°F,
referenced at the steam turbine inlet stop valve.
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SECTION 3

TECHNICAL EVALUATION

3.1 Design Basis

3.1.1 Introduction

The data given below have been used as the design
basis for Trade-off Study I. They are based on
data provided by Ebasco together with, where necessary,
assumptions which are considered to form a reasonable
basis for comparative study. -Some of these data may
be amended as better information becomes available in
subsequent activities of Phase I.

Paragraph 3.1.2 summarises the cases taken for
comparison. The data in all subsegquent paragraphs
in this sub-section applies to all four cases.

3.1.2 Pressure Range Studied

Four cases have.been evaluated, corresponding to
four gasification pressures. For each case, outline
data havebeen prepared corresponding to a nett
production of 3500 STD ammonia, the synthesis loop
and ammonia recovery section being identical for the
four cases.

The cases are summarised as follows:

Case No. Gasification . Syngds Compressor &
Pressure, psig Suction Pressure, psig
Al . 800 619
B~ 1200 952
C 1500 1212
D 2500 2074

Some design parameters, such as wall thickness of
vessels and piping, vary more or less continuously
with operating pressure (other things remaining con- .
stant), and the effects of varying pressure on capital
cost can be represented by a continuous curve so far
as these aspects are concerned. Other features,
"however, are subject to step changes at certain
pressures corresponding, for example, to a change in
design code or standard frame size of equipment. 1In
order to allow for these variations, additional data-
havebeen developed in pressure-sensitive areas in
order to identify discontinuities in the cost curves.
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"3.1.3 Ammonia Product

Rated Capacity 3,500 STD
Annual Production . 1,115, 000 ST (330 days/year)
Specification:
State Liquid anhydrous
Pressure In atmos pressure tank
" Temp. At equilibrium in tank
Purity 99.8% ww min.
Water 0.2% ww max.
0il . 15 ppm ww. max.

3.1.4 Coal

The same coal will be used for gasification and for
firing the auxiliary high pressure boiler. The following
properties have been assumed for the present study:

Ultimate analysis, moisture free:

carbon - 72.76 wt %
hydrogen : 5.24
nitrogen 1.63
sulphur : 3.35
oxygen . 7.65
ash 9.37
Higher heatiny value 13,368 BTU/1lb.

. moisture free bhasis
Since preparing the heat ‘and mass balances based on the

above coal properties, more performance data for the
gasification section has been developed by Texaco
Development Corporation, based on a coal believed to be
typical of Western Kentucky coalfields.

This data has been reviewed and allowed for in presenting
comparative data-in this. report. Data previously developed
which does not affect the comparison has not been amended.

The price of coal has been taken as $0.748/MM Btu delivered
to the site for the purposes of this study.

3.1.5 Sulphur By-product

State Elementary, molten
Purity .= 99.8% by weight
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3.1.6 Utilities
a) Cooling Water : o
Supply temperature 89OF
Return temperature (max) 109 F
b) Electricity
Purchased from supply grid
Normal supply characteristics
Cost _ 1.45 cent/Kw-hr .
c) Raw Water ‘
Cost . $0.10/MUSG
3.1.7 Environmental Release Limits
SO2 1.2 lb/MM Btu fuel input

Fly Ash 0.1 1b/MM-Btu fuel input

3.2 Process Description

'3.2.1 Introduction

As stated above, the objective of the present study

is to evaluate the effects of varying the gasification
pressure on the capital and operating costs of the
Commercial Plant.

a) With regard to capital costs, the advantages
to be expected from increased pressure stem
from the smaller gas volumes to be handled and
conseguently smaller physical dimensions, for
a given plant capacity, of certain items of
equipment. Thus, if it is accepted that equip-
ment sizes will be limited by considerations of
fabrication and shipping, the number of trains
required for a given plant capacity will tend to
reduce with increase in operating pressure. On
the other hand, the following factors will tend
to limit or offset the benefits due to this

effect:

( i) The wall thickness of a vessel or ex-
changer increases with increase in
pressure for a given diameter, temper-.
ature and materials of construction.
This not only adds to the weight of the
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(i) Cont'd.l

vessel but reduces the number of
possible vendors where very high thick-
nesses result, with a possible increase
in fabrication costs.

(ii) The discharge pressure of compressors
and pumps feeding into the main process
stream is greater the higher the operating
pressure, resulting in more expensive
equipment and, in some cases, involving
a change in type of technology required,
e.g. in the case of oxygen compression.

(iii) 1In some processes, the size of equipment
is not determined by actual gas volume;
in such cases there is no reduction in
physical dimensions with increase in
pressure and the cost of equipment will
actually increase on account of increased
wall thickness.

These factors are discussed in more detail below,
The nett impact of these effects on capital cost
is discussed in Section.2 of this report.

(b) Savings in operating costs with increase in
gasification pressure can be expected to result
from reduced overall power requirements. There
is a significant reduction in the power required
for syngas compression in going from Case Al to
Case D. Although the power required for oxygen
compression, coal slurry pumping and nitrogen
compression increases, there is indeed a nett
saving in total power for the process plant plus
support facilities of about 5%.

The saving in operating costs is not, however,

so large, the principal reason being the increased
requirement, per ton of ammonia, of coal for
gasification at high pressure. Though
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(b) Cont'd.

this coal is not exactly wasted, being eventually
converted into nitrogen wash tail gas, which is fired

in the auxiliary boiler and superheater, this does
represent a degrading of energy which reduces the overall
efficiency of converting coal to ammonia. This and other
aspects of the effect of varying the gasification
pressure on process consumptions are discussed in further
detail below, and the effects on the economics of

ammonia production are discussed in Section 2 of this
report. '

In order to prepare comparative data for the four cases
specified in paragraph 3.1.2 above, a number of simplifying
assumptions have been made. The salient features of the process
route may be summarised as follows:

(a) Coal preparation by dry crushing and grinding;

(b)  Texaco coal gasification, including carbon and ash
recovery;

(c) CO conversion using 'dirty shift'“catalyst;

(d) Acid gas removal by the Rectisol process, followed by
final clean-up by nitrogen wash;

(e) Synthesis gas compression by turbine-driven centrifugal
Compressor;

(f) Ammonia synthesis and recovery using two synthesis
' loops in parallel operating at 3400 psig.

(g) Air separatien followed by either oxygen compression
or liquid oxygen pumping and vaporisation..

(h) Steam for large power regquirements gegerated in an
auxiliary boiler at 1800 psig and 986 F. (Note that
these conditions for steam generation have been
revised since calculating the mass balances used for
this study, but this change does not affect the
comparison of gasifier pressures).
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i) Sulphur recovery from Rectisol dff-gas by the

3.

2.3

. Claus Kiln process.
3) Claus tail gas and boiler stack to be cleaned
up to meet environmental requirements.

The main departures from the scheme outlined in the
above proposal are as follows:

'a) Two stages df CO conversion have been adopted,

: instead of three as previously proposed.

b) Two levels of medium pressure steam, raised
from the make gas train, have been chosen, in
place of the one level taken previously, in
order to improve heat recovery. ‘

c) The gasifier feed preheaters and condensate
stripper have been eliminated from the gasifi-
cation section.

These changes are referred to further in the approp-
riate paragraphs below.

A number of the above features may be varied in
subsequent work on Phase I of the project as the
result of further development and trade-off studies;
it is not considered that such changes will invali-
date the conclusions ¢f the comparison of gasification
pressure. :

Overall Flowscheme

The overall flowscheme is shown on the block diagram,
Drg. No. 1821-X52-5, at the end of this section,

which shows the main process units and the number of
trains proposed for each unit. The only raw materials
delivered to the site are coal and raw water. Large
machinery is driven by steam generated on site, and
smaller drives use purchased electricity. The re-
guirements of these raw materials and utilities

are summarised in sub-section 3.3 below,

Dry grinding of process feedstock has been assumed for
this study; subsequent adoption of wet grinding would
have a negligible effect on the conclusions of the
pressure study.
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Coal Preparation

The coal delivered to site is storedin the site stockpiles.
From the stockpile, it is crushed to a size suitable for
feeding to the pulverisers, and is then divided into process
and boiler feeds so that pulverisation for these duties can be
carried out separately. Buffer storage is provided both

for pulveriser feed and for pulverised process feedstock.

Coal Gasification

The Texaco Coal Gasification process is used; basically this
is the reaction between coal and oxygen at high temperature:

2C + O2 = 2CO and C + O2 = CO2

Since water is also present, as slurrying agent for the feed,
the water gas reaction also takes place:

C +H,0=C0 + H

2 2
The final gas leaving the gasification zone is essentially -
a mixture of C, CO, CO and H,O, with the actual

composition determined? by %he kinétics of the partial
vaidalion reactiens. -

There is also an equilibrium between methane and carbon
oxides and hydrogen:

Co + 3HZ = CH4 + HZO

co, + 4H, = CH, + 2H,O

2 2 4 2

One of the advantages of the high temperature which is a
feature of the Texaco process is that these reactions go

far to the left resulting in a very low methane content of the

product gas. Higher pressure however results in a higher methane

yield and this means that from a given amount of coal, less
H, + CO is produced. Therefore one effect of higher pressure
i§ to increase the amount of coal and oxygen feed to give the
required amount of hydrogen in the synthesis loop feed gas.

The high temperature also ensures that the ash contained in
the coal is completely melted - an essential feature
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3.2.5

Cont'd.
of the Texaco process.
The flow scheme is as follows:

Pulverised coal is slurried with water in the slurry tank
equipped with an agitator and slurry circulation pump.
Gasifier feed is drawn from the circulation line by the
slurry charge pump which injects a controlled flow of

slurry to the gasifier. Oxygen is supplied at the necessary
pressure to the gasifier and mixes with the slurry in the
burner located in the head of the gasifier. The gasifier

is a refractory lined pressure vessel in which the reactions
referred to above take place. The raw gas produced is
quenched with water in the base of the gasifier and

the solidified ash is withdrawn as a slag by a lock hopper
arrangement. Unconverted carbon, known as soot, is removed
from the quenched gas by scrubbing with water, which is fed to
the Carbon/Ash Recovery Unit where the carbon is recovered
and recycled to the slurry tank.

The capital cost of the Gasification Unit is heavily
dependent upon the number of gasifiers required for the duty.
As the capacity of a single gasifier is determined by actual
gas volumes, the number of gasifiers required, together with
associated equipment such as slag hoppers and scrubber
separators, reduces as the gasification pressure increases,
The number of gasifiers required for the Commercial Plant
with different operating pressures has been determined by
Humphreys and Glasgow working in collaboration with Texaco
Development Corporation and using assumptions on coal
properties believed to be typical of Western Kentucky Coal-
fields. 1In addition to the four cases defined in paragraph
3.1.2, a fifth case of 500 psig has been calculated to verify
the trend established for the range under study. The results,
including one stand-by gasifier in each case, are as follows:
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Case Gasification Pressure No. of Gasifiers
- A2 | 500 psig 8
Al 800 psig 5
B 1200 psig 4
o 1500 psig 4
D 2500 psig 3

The impact of this on capital cost is shown in
Section 4 of this report.

3.2.6 Carbon/Ash Recovery f{,

The soot water produced in e Gasification Unit is
cooled against make-up quench water and let down via

a flash drum into the settler, which is a large tank

in which the solids thicken to a concentration suitable
for recycling to the slurry tank.

The size, and hence the cost of this Unit is relatively
insensitive to the.gasification pressure, and in any
case accounts for only a small percentage of the total
capital cost of the Commercial Plant; detailed analysis
is therefore not required for this Trade-off Study.

3.2.7 CO Conversion

Gas from the Texaco gasifier contains over 40% carbon
monoxide, which is converted to carhon dioxide by the
shift reaction:

+ = +
Cco H20 CO2 H2
- Steam required for the reaction results from the quench-
ing of hot gases where the heat given up to the gquench
water vaporises enough to enable the above reaction to
proceed. - .

Any remaining CO is removed in the Nitrogen Wash Unit, so
there are obvious advantages in converting as much as

as possible into H2 + CO,. This reduces the load on the
Nitrogen Wash Unit;, and also, because more hydrogen is
produced, decreases the load on the gasifier and hence
the capacity of the Air Separation Unit, etc. Against
this the lower the CO level required, the more expensive
the shift system will be. For the purposes of this study,
the same condition as in the original proposal has been
assumed, ie 3% carbon monoxide (dry basis) in the product
gas.
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The reaction is carried out over a cobalt/molybdenum
oxide catalyst, which is sulphided by the H,S pres-
ent in the gas. ghis catalyst is reasonably active
down to about 600 F; however as the reaction is exo-

" thermic, one single stage of shift conversion is
self-limiting when the gas approaches the equilibrium
temperature. One stage of conversion could reduce
the CO to around 8% V/V and to obtain a lower concen-
tration, the gas should be cooled and passed over a
second stage of catalyst. This process can be re-
peated if required.

Information from shift catalyst vendors indicates
that for a concentration of 3% CO, two stages are
adequate; the use of three stages gives no signifi-
cant saving in catalyst quantities. For instance
one vendor shows 5720 cu.ft of catalyst in a two
stage system giving 3% CO, and 6880 cu.ft in a three
stage system giving 2.5% CO. The latter system also
requires an extra vessel and exchanger with assoc-
iated equipment. Therefore a two stage system is
used for this pressure study. In the event of a
lower CO level heing selected at a later point in
Phase I, then a three stage system could become
preferable. The effect of such a change on the
pressure comparison would however be marginal.

The information received from a vendor with exper-
ience of pressures up to about 1125 psig has been
used as the basis of design of the shift system.

In the range of operating experience, it is observed
that higher pressure cperation requires a smaller
catalyst volume for a given duty. At higher pressures
one vendor has been conservative, and not allowed for
any further reduction in catalyst requirements.  On
the other hand another vendor has extrapolated from
his experience; from this information, case D re-
quires 60% of the catalyst required by Case Al.

The mechanical design of the shift converters is not
straightforward, because to give a reasonable
pressure drop (10 psi) through a single bed of
catalyst would require a vessel diameter of 18 ft. to
21 ft depending on the case. Vessels of a mure con-
venient diameter can be achieved by dividing the re-
quired catalyst volume into a number of beds in
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parallel, which may be arranged in separate vessels,
or with up to two beds within a single vessel, thus -
economising on vessel costs. A number of arrange-
ments are conceivable, and some design work has been
carried out to determine the arrangement to be used
for this study. The. arrangement now proposed for
the Commercial Plant, which appears to satisfy the
requirements of minimum capital cost consistent with
operability and manageable vessel dimensions, 1is two
parallel trains, each comprising a single vessel and
associated heat exchange equipment. Each vessel is
divided into two refractory lined compartments, the
upper one holding the first stage catalyst, and the
lower one the second stage catalyst bed. Thus gas
entering the CO Conversion Unit is divided into two
streams, then each stream is heated against converted
gas from the second stage, then against gas from the
first stage, before beingofed to the first stage
catalyst bedoat about0640 F. The gas temperature
rises to 730°F - 790 F (depending on the case),

the CO content being reduced to 11% V/V. The gas
leaving the first stageois cooled against uncon-

" verted gas to about 710 F before being fed to the
second stage. The converted gas, containing 3% CO
V/V, is cooled, first against feed gas, then in
two waste heat bollers in series, operating at two
pressures designated medium pressure (MP) and lower
medium pressure (LMP). Further heat is recovered in
a boiler feedwater heater and a low pressure (LP)
boiler before the gas is finally cooled with deaerator
feedwater and cooling water. The process condensate,
formed during the cooling of the gas, is removed
before the two streams pass to the Acid Gas Removal
Unit. ‘

The effects of increasing pressure on CO shift
vessel design are:

a) Less catalyst is required resulting in a smaller
total vessel volume. '

b) Because of increased gas density, the velocity
through the catalyst is reduced - this means
that vessel diameters can be reduced.

c) Wall thicknesses have to be increased.
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So far as the heat exchange egquipment is concerned

a balance must be struck between maximising heat
recovery and reducing capital cost by adoption of
large temperature differentials. To achieve this

a different LMP Steam level has been chosen for

each of the four cases considered. The nett impact
of variation of gasifier pressure on the cost of the
"CO Conversion Unit is discussed in Section 4 of this

Report.

3.2.8 Gas Purification

The selection of the most aprropriate technology for
gas purification is the subject for study in Trade-

" off Study II As stated in paragraph 3.2.2 above,
the present study is based on one of the possible
process routes, ie Rectisol Acid Gas Removal,
Adsorption and Nitrogen Wash. The feed gas enters the
Rectisol Unit and, after methanol injection, is
coocled with part of the nitrogen wash product gas and
the tail gas. The methanol/condensate, which is
removed from the feed gas passes to a water/methanol
still. Here it is first heated and flashed in order
to remove any absorbed H,S and then fed into a column
where the methanol is stfipped using steam reboil
and passed intu the warm regenerator. On cntering
the wash column the H,S/C0OS are scrubbed out in the
bottom section of the“column, the bulk of the CO
removed in the middle section while the final cl%an
up occurs in the upper section where it is scrubbed
with cold lean methanol. The gas then passes to a
Nitrogen Wash Unit via a molecular sieve. The rich
methanol leaves the wash column in two streams, the
CO, rich stream from the middle section and the coz/
H g rich stream from the base. These streams are
cooled and flashed in order to remove absorbed
hydrogen; the flash gas is then compressed and re-
cycled back to the feed. 1In the cold regenerator
the rich methanol is stripped of CO, using purge
nitrogen from the molecular sieves,“and the H,S
rich methanol is pumped from the top section 6f the
column to the warm regenerator. The feeds to the
cold regenerator are arranged such that the tail gas
has an acceptably low H,S concentration. This H,S
rich methanol is heated against regenerated methanol
before being fed into the warm regenerator. Here it
is stripped of H,S using steam reboil before being
fed back to the &bsorber. The overheads.are chilled,
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in order to remove any methanol before the H_S
stream is passed to the sulphur plant. 2

The Adsorber Unit consists of two sets of two
parallel beds of molecular sieves, one set adsorbing
while the other is being regenerated. The unit is
designed to remove the last traces of CO, and H,S

in order to prevent freezing up in the Nitrogen

Wash, as well as traces of methanol carried over from
the Rectisol Unit. Make gas is fed from the Rectisol
Unit and passed through two beds of the unit and
then on to the Nitrogen Wash. The regeneration is
carried out by passing preheated nitrogen from the
Air Separation-Unit, counter current through the
beds. The gas.is then cooled before being

used as stripping gas in the cold regenerator on the
Rectisol Unit.

The Nitrogen Wash Unit employs a mixture of con-
densation and washing with liquid nitrogen to remove
carbon monoxide and methane from the incoming gas.

The unit consists essentially of a multistream heat
exchanger and a column. The make gas and nitrogen are
cooled against the column overheads before entering
the column. The carbon monoxide and methane are con-
densed and removed from the base of the column and are
then revaporised against the feed nitrogen before
being sent off as fuel gas. A sidestream is removed
from the column overheads before the final heat ex-
changer section and is used to chill the Rectisol .
Unit feed. The two streams then recombine before
passing to the syngas compressors.

As Rectisol is a physical absorption process, in-
creasing pressure might be expected to improve the
economics by reduction of the methanol circulation
required. 1In fact, the problem is not so simple:
the particular nature of the gas to be treated in
this project gives rise to several effects, some
favourable and some unfavourable to the economics.
These effects give a different balance at different
pressures, the nett effect on power consumption is
summarised in sub-section 3.3, below, whilst capital
costs are discussed in Section 4.
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With regard to the Adsorber, the volume of molecular
sieve material required is unaffected by pressure,.as
this is determined by the gquantity of acid gas to be
removed. However, as pressure drop is reduced by
increase in total pressure (for a given mass flow
and vessel diameter), it 1s possible to increase the
L/D ratio of the vessel to achieve a more economical-
design.

The main effect of pressure on the cost of the Nit-
rogen Wash Unit, apart from a progressive increase

in wall thickness in going from Case Al to Case D,

is the change from plate exchangers to the moreé ex-
pensive tubular exchangers at a certain pressure.

The maximum feasible pressure for the former is put
at about 680 psig by one vendor and about 1000 psig
by another. A further effect is that the physical
properties of liquid nitrogen are less favourable

to the absorption at very high pressures, so that
either the tower height or the liquid nitrogen flow
to the column must be increased. The result of all
these effects is that the cost of this unit increases
progressively with pressure, as discussed in Section 4.

3.2.9 Syngas Compression and Ammonia Synthesis

As stated in paragraph 3.2.2 above, this study is
based on the adoption of two quench converter
- synthesis loops, each with its own synthesis gas
compressor/circulator and refrigeration system. The
gas leaving the nitrogen wash unit is very pure: this
means that it is not necessary to take a gas purge
from the synthesis loop, because any traces of argon
and methane entering with the syngas will be dissolved
out- in the product ammonia. i
It is not necessary to discuss this section in detail
because with the exception of syngas compression, the
gasification pressure has virtually no effect on
ammonia synthesis. It is worth mentioning the heat
of reaction, however, because it is possible to
select the level at which this waste heat is recovered.
There are many variations of loop design, and by
selecting different quench temperatures, the temper-
ature at which waste heat becomes available for re-
covery can be changed. In this case, the waste heat
is used to raise 600 psig saturated steam, since this
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gives useful heat recovery with reasonable temp-
erature approaches. Higher pressure steam could
be produced, but this would increase the cost of
most of the equipment in the loop.

Although the syngas compression duty reduces con-
tinuously with increase in pressure, the cost of
the machines will be subject to step changes as
the minimum number of stages required comes down.
These possible step changes have been investigated,
and the impact is discussed in Section 4.

3.2.10 Air Separation and Oxygen Compression/Pumping

Air separation is effected by proven technology
for which there are a number of possible vendors
available. Whilst there are differences between
the anticipated power consumption and estimated
capital costs provided by different vendors for
the requirements of this project, such differences
do not significantly affect the comparison of the
different gasification pressures in this study.

~ Although a number of vendors were invited to put
forward proposals based on liquid oxygen pumping,
should this appear to have an advantage over oxygden
gas compression, the two air separation plant vendors
making concrete proposals on this question selected
compression. In addition, a number of compressor
manufacturers were approached directly. The power
requirements are summarised in sub-secticn 3.3
below, and the capital costs are discussed in
Section 4.

3.2.11 Heat Recovery and Steam System

The consumption and distribution of energy is a

very important consideration in this pressure study,
with high pressure gasification showing a distinct
saving in total shaft power as indicated in sub-
section 3.3 below. Electric motors have been used for
small drives only (generally less than 1IMW). This
accounts for about 16 MW of the total 190-200 MW

shaft power.
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Some steam is raised by recovering waste heat from
downstream of the CO .conversion section, and from
ammonia synthesis. However, this is insufficient

for the 190-200 MW mentioned above, so the remainder
of the steam is raised in two independent coal fired
boilers. Thisoauxiliary steam is distributed at
*1800 psig, 986 F, as noted in paragraph 3.2.2 above.
Waste heat from the CO conversion section and
synthesis loop is recovered and distributed as

580 psig steam, designated medium pressure (MP),

with a small amount as 50 psig saturated .steam for
heating duties. - These levels were selected

as being compatible with the availability of heat

at the CO shift outlet. However, on investigation,
restricting the heat recovery from the make gas to

a single steam pressure of 580 psig would impose an
unnecessary penalty on .the thermal efficiency of the
plant as a whole.. Accordingly some steam is raised
at a lower medium pressure (LMP), the precise value
of this pressure being different for each case, Al to
D. This lower pressure has been selected so that the
temperature at which heat has to be rejected to
cocling water (after preheating deaerator feed and
boiler feed waters, and raising a smaller amount of
50 psig steam) is below about 230°F. Production of
waste heat steam for the different cases is summarised
in sub-section 3.3. :

Both MP and LMP steam are superheated in a separate
fired heater, using, normally, nitrogen wash tail
gas as fuel, the temperature of superheat being
selected to ensure that condensing turbines do not
exhaust at more than 10% wetness. It is possible
to raise these temperatures to improve the efficiency
of this heat recovery. However, the HP boiler has
a saturation temperature of over 620 F, and will
have a considerably greater overall thermal eff-
iciency than the fired heater. This means that
generating extra HP steam is certainly more effic-
ient than superheating LMP steam, and probably
greater than superheating MP steam. If surplus
clean fuel gas has a greater value than coal per
B.T.U., this would reinforce the argument for not
firing more than necessary in thc supcrheater.

*Further work on the optimisation of the steam system
for the 1200 psig case has resulted in the con- .
dit%ons of the HP steam being changed to’ 1500 psig,
940°F. ' .
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The detailed development of the steam system will
be carried out and optimised during the conceptual
design of the Commercial Plant for the selected
gasification pressure. For this study, an outline
scheme has been drawn up which is adequate for
comparing gasification pressures. In summary, the
effects of increasing gasification pressure are:

a) More waste heat is available to be recovered.
b) This waste heat becomes available at a higher
, temperature, ie is more efficiently recovered.
c) Exchanger surface area is reduced by about

50% for the principal heat exchangers in
going from Case Al to Case D.
d) Wall thicknesses increase.

3.2.12 Boiler Plant

As stated in paragraph 3.2.2 above, the study has
been based on high pressure (HP) steam being
generated in an auxi&iary boiler to deliver steam
at 1800 psig and 986 F. The boiler is fired with
coal, supplemented with fuel gas surplus to the re-
quirements of the MP and LMP steam superheater. The
overall thermal efficiency of the bociler has been
taken as 83% (HHV-basis). The boiler duty for the
different cases is given in sub-section 3.3 below.

MP and LP steam are superheated with fuel gas taken
from the Nitrogen Wash tail gas, with an assumed
efficiency of 68% (HHV basis).

The adoption of a lower pressure for HP steam will
result in.a different balance between consumptions
at different steam levels, but the overall energy
consumptions will not be significantly changed.

3.2.13 Sulphur Plant and Stack Gas Clean-up Unit

The Sulphur Plant consumptions and costs have been
estimated for the four cases, using in-house pro-
cedures. The technology to be used for clean-up
of the Sulphur Plant tail gas and Boiler Plant
stack gas for the Commercial Plant is the subject
of a Trade-off Study tc be carried out hy Fhasco
during Phase I of the project. For the present
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study the system adopted for the original proposal has
been taken as a basis for scaling for all four cases.
Overall, increasing the gasification pressure produces
a minor reduction in utility consumptions of these units,
but has a negligible effect on equipment sizes.
Anticipated Performance
3.3.1 Introduction
The following performance figures were calculated according
.to the design basis given in sub-section 3.1 above.
Although there have been some changes in this design basis
and other possible changes are still under review, the
figures are considered to give a fair basis for comparison
of plant performance with different operating pressures.
3.3.2 Overall Consumption
TABLE 3-1
RAW MATERIAL AND POWER CONSUMPTIONS
CASE UNITS Al B c D
Coal to Gasifier | MM BTU/h 5033 5079 5169 5441
Coal to Boiler . MM BTU/h 1146 | 1055 Q99 632
Electric Power MW ' 17.52 17.10 17.49 18.91
Raw Water o USGPM 6133 6009 5989 5885
TABLE 3-2
POWER REQUIREMENTS OF LARGE DRIVES
(All in MW)
CASE Al B c D
Carbon/Ash Handling 0.5 0.7 0.9 - 1.4
Rectisol ’ 10.9 10.2 11.0 8.5*
Nitrogen Wash 17.7 21.8 23.4 26.8
ASU.and‘O2 Compression . 79.5 80.5 83.6 90.5
Syngas Compression, Ammonia '

Synthesis and Refrigeration 56.9 47.0 41.2 28.4
Utilities 23.3 22.6 22.2 21.4
TOTAL 188.8 183.1 183.3 177.0
* Nett figure after allowing for power recovery from

methan

cl let-down (Case D only).
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TABLE 3-3
ELECTRIC POWER CONSUMPTIONS

(All in MW)
CASE . ' Al B cC D
Gasification - 2.08 2.31 2.55 2.33
Carbon/Ash Handling : 0.17 -0.17 | 0.18 0.18
CO Shift 0.60 0.64 | 0.69 0.91
Rectisol 2.05 2.23 2.38 3.22
Nitrogen Wash 0.82 0.23 0.25 0.29
AsSU/O, Compression *(1.20) (1.20) | (1.20) (1.19)
AmmonIa ‘Synthesis 0.56 0.51 0.46 0.39
Sulphur Recovery 0.12 0.12 0.13 0.13
Coal Handling’ 5.23 5.20 5.20 5.16
Stack Gas Clean-Up 2.43 . 2.30 2.26 1.83
Utilities 1 3.16 3.09. 3.09 3.06
Lighting, Instruments, etc 1.50 1.50 1.50 1.50
TOTAL 17.52 17.10 17.49 18.91

* There is a net surplus of electric power from the ASU.
arising from the use of power recovery gas expanders.

- 3.3.3 Air Separation and Oxygen Compression Power Requirements

Power consumptions in paragraph 3.3.2 above are based on
data from one vendor for air separation and oxygen com-
pression (designated Vendor 'A'). A second air separation
vendor has also pvrovided data (Vendor 'B') and data has
also been received from two compressor vendors (Vendors
'C' and 'D') and the results are summarised in Table 3-4.

TABLE. 3-4
AIR SEPARATION POWER REQUIREMENTS
(A1l in MW)
VENDOR CASE : Al B c D
Gross Consumption, ASU 55.0 {55.4 | 56.4 |58.0
Power Recovery, ASU - 1.9 1.9 2.0 2.0
A Nett Consumption, ASU 53.1 |53.5 | 54.4 |56.0
Consumption, Oxygen
Compression 26.6 [30.1 ] 32.3 -
Consumption, ASU 54.5 |55.1|55.9 |57.6
B Consumption, Oxygen - :
Compression 1 29.8 |32.7 ] 34.5 |39.1
C Consumption, Oxygen : |
Compression 24.5 | 25.4 | 27.2 |32.5
D Consumption, Oxygen .
Compression, 23.5 | 25.7 | 27.3 -
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: 3.3.4 Waste Heat Steam Generation : :
R . : TABLE 3-5
’ WASTE HEAT STEAM GENERATION
CASE Al B ,| cC D
' M.P. Distribution pressure psig 580 580 580 580
temperature F 654 654 654 654
* Production ST/hr 241 255 260 395
L.M.P. Distribution pressure psig 180 235 275 395
temperature °F | 470 505 530 590
Production ST/hr 316 303 308 197

* Includes 160 ST/hr from Ammonia Synthesis Loop in each case.

3.4 Commercial Evaluation and Risk Analysis

3.4.1 Introduction

Although varying the gasification pressure affects the
design of almost all the process units and support faci-
lities, it only raises questions of commercial experience
and viability in the case of a limited number of these
units. ~

Coal gasification is a special case. The whole object of
. the Demonstration -Plant Programme is to bring new coal
- gasification processes, in this case the Texaco Coal
Gasification Process, to commercialisation. Consequently
there is no need to review the commercial status of this
process at this stage, although the risk,as a function of
pressure, must be considered.

The objéctive of this sub-section is to assess the commer-
cial status and to identify the commercial risks involved
in implementing a project for a 3500 STD ammonia plant
based on the process technology outlined in sub-section
3.2. These risks will clearly tend to reduce with time

as more development work is undertaken to extend the
limits of technology; the following paragraphs summarise
the current (March 1978) situation.

3.4.2 Coal Gasification

The Texaco process for partial oxidation of oil and
associated downstream gas washing systems have been
demonstrated at 2300 psig on a pilot scale on Texaco's
Montebello pilot plant. Coas gasification has been




Synthesis Gas Trade-off Study I

Demonstration Plant 3-21
Program, DOE - Gasifier Operating Pressure March 1978

3.4.2 Cont'd.

demonstrated at Montebello at 400 psig, and a semi-
commercial coal-based plant, also designed for
operation at 400 psig, has been demonstrated at
Oberhausen, W. Germany. The next stage of pilot plant
experimentation currently planned by Texaco will permit
demonstration up to pressures not exceeding 1200 psig.

The above facts, taken together with Texaco's proven
ability to design and successfully operate commercial
0il gasification plants based on scale-up of pvilot
plant data, indicates that there are sound reasons for
anticipating minimum risk in a commercial plant oper-
ating at pressures up to 1200 psig, provided the
results of the 1200 vsig pilot plant are available
before proceeding to the definitive design,

For pressures greater than 1200 psig there will be
unquantifiable risks, increasing progressively as the
difference between design pressure and pileot plant
operating pressure increases. It will be possible to
evaluate these risks more realistically after comple-
tion of the proposed pilot plant programme.

3.4.3 Acid Gas Removal

As stated previously the Rectisol process has been
taken as the method of acid gas removal for the
purposes of this study.

The highest pressure so far adopted for a commercial
unit is about 1100 psig used by Linde for a 1600 STD
ammonia plant currently under construction in India.
The highest pressure used on any scale of operation is
2260 psig on a plant operated in conjunction with
Texaco's pilot 0il gasifier at Montebello, Calif. 1In
both these cases the Rectisol unit was associated with
nitrogen wash, though the Montebello (nitrogen wash)
unit never operated for any extended period at
pressures greater than 1250 psig.

A significant factor is that Rectisol has not been
operated in conjunction with the Texaco coal
gasification process,
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though Rectisol has been used in conjunction with the
Koppers Totzek process, which produces a gas somewhat
similar in composition, at Modderfontein, South Africa.
The Linde view is that there is sufficient commercial
basis for designing a Rectisol and nitrogen wash unit
for all cases provided the concentration of trace
components in the new gas can be accurately specified.
For Cases Al and B there is already adequate data
available; for Cases C and D some laboratory tests

‘would be required.

From this it follows that there is a limited risk
involved in proceeding with a Rectisol/nitrogen wash
unit to operate at pressures up to 2300 psig, provi-
ded the composition of the feed gas can be specified
precisely. However as the content of trace consti-
tuents can only be predicted with certainty from pilot
plant operation under comparable conditions, the same
considerations apply as for gasification, i.e. there
will be a progressively increasing risk as the gasi-
fication pressure is raised above 1200 psig.

Air separation and Qxygen Compression

Air separation units have been erected and are being
constructed with capacities of up to 2300-2400 STD
(by L'Air Liquide in Europe and South Africa). The
3500 STD - Ammonia Plant will require a capacity of
4800-5000 STDPi,. so two streams of air separation
involve only a slight increase of capacity compared
with current experience. It follows that the availa-
bility of a three-stream unit is not in doubt, and
two streams would seem to be completely feasible.
Gasification pressure has no affect on this conclu-
sion as only a slight change in capacity is involved.

Oxygen compression by c¢entrifugal compressors is
currently being carried out up to 800 psig, and in
one case (at VEBA, Gelsenkirchen) to 960 psig. The
casing sizes required for single train compression up
to about 1100 psig are already available; however the
higher pressure casings suggested by G.H.H. and
Sulzer are not in use on oxygen service.
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Air Products have suggested the use of centrifugal
compression up to about 1000 psig, with reciprocating
compressors following for cases B, C and D. This
means that higher pressures come into the range of
commercial experience - Sulzer have a large labyrinth-
type reciprocating compressor operating at around

1550 psig, and there would seem to be little diffi-
culty in operating at 1700 psig - i.e. suitable for
Case C. The use of reciprocating compressors would

certainly increase the capital cost of the

installation; six would probably be required in
addition to the low pressure centrifugal compression.
Experience of compression up to 2800 psig is limited
to small machines of about 300 scfm capacity, so
there would need to be substantial development before
suitably large machines become available.

The ASU vendors have preferred to have one compressor
train per ASU, rather than one large common machine.
This, while raising the total installed cost, will
result in improved reliability and greater efficiency
on turndown, particularly where there is more than
one normally operating gasifier.

Clearly before proceeding tao the design of a plant
corresponding to Case D, and probably for Cases B and
C also, it will be necessary to investigate liquid
oxygen pumping and compare it with compression. We
have not so far received any information from vendors
of such pumps. As it was considered that this would
form an integral part of the ASU. three potential ™ .
oxygen plant sub-contractors were invited to make
recommendations for all four cases, selecting comores-
sion -or liquid pumping as they felt would be most
appropriate. The replies tend to favour compression
for pressures within the range of cases Al, B and C,
though discussions with vendors will be necessary be-
fore finalising the c¢onceptual desiyn of the
Commercial Plant. For Case D, should this merit
investigation because of advantages in other areas, a
more detailed evaluation of compression versus pumping
would be necessary before any recommendation could be
made. :

Low-pressure cycle ‘air separation units with reversing
exchangers and capacities up to 2200 STD have proved
reliable, and with proper operation the use of two or
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three such units will entail low risks. The main potential
hazard is the accumulation of hydrocarbons (particularly
acetylene) in the liquid oxygen at the base of the L. P.
column. The general solution to this is to adsorb these
hydrocarbons from the liquid and also to ensure that there
is a small purge of liquid from the column base. Obviously
liquid oxygen pumping removes the need for this purge.

Recent bad experiences with oxygen compression to high
pressures have led to a reluctance to use centrifugal
compressors to more than about 800 psig. However this does
not mean that compression should be ruled out.

There is a machine in Germany operating at 960 psig and
European manufacturers are confidently offering machines up
to 1100 psig. Above this pressure less is known about the
burning properties of metals, although it 1s known that
safety margins reduce above this pressure. For these duties
materials such as silver, bronze and stainless steels are
recommended, and with careful design it should be possible
to demonstrate that centrifugal compressors are safe up to
1400 psig (for Case B) and possibly 1700 psig (Case C).:
However at the present time the use of centrifugal compression
for 2700 psig discharge (Case D) cannot be recommended.

Because of lower speeds, and hence lower potential metal
temperatures in case of contact, reciprocating compressors
have an intrinsic advantage and if large capacities are
required at pressures around 2700 psig it is probable that
this type of machine would offer safer designs in the nearer
future than centrifugal compressors.

CO Conversion -

The proposed system converts the carbon monoxide in
undesulphurised gas by the use of cobalt molybdenum sulphide.
This type of catalyst is well proved by BASF (Type K8-11)
both in experimental work up to 1400 psig and in commercial
operation to over 1100 psig.
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3.4.5 Cont'd

Other catalyst vendors are offering similar catalysts but
with less experience. Cirdler, for instance, offer their
type G-93 which -has been tested up to 1000 psig.

Therefore cases Al and B should present no problem and
Case C involves little extension of commercial experience,
and already there should be enough experimental data to '
allow this duty to be selected with confidence. Case D,

on the other hand, does require an extension of current
experience, and will certainly require some developrment
work to determine :

a) whether the catalet can withstand the higher pressure
and partial pressure of steam,

b) how much catalyst will be required,

c) whether any undesirable side reactions become
significant.

The opinion of catalyst vendors is that no problems are

expected for a) and c). They differ however on b) and
it is this aspect which will probably require most
1nvestlgat10n5

From the foregoing it can be concluded that cases Al and
B can be specified with certainty, case C would probably

‘be low risk if a conservative margin on catalyst quantity
were allowed. Case D would involve moderate risk unless

further development work were undertaken.

3.4.6 ‘Conclusion.

On the assumption that the pilot plant programme involving
gasification at 1200 psig is carried out according to the
schedule currently envisaged, it appears that there is an
acceptable risk in proceeding with a commercial plant
operating at a pressure up to 1200 psig. . Further, by

the time this pilot plant programme has been completed,
the range of acceptable risk might be extended to about
1500 psig. It seems unlikely that the risk would be
acceptable at pressures much greater than 1500 psig, but"
this conclusion must be subjected to continuous review as
Phase I of the project proceeds.
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4.1
4.1.1

4.1.2

SECTION 4 - ECONOMICS

Capital Cost Analysis

Basis of Estimate

The capital cost estimates developed for this study have been
carried out with a view to establishing valid comparative
costs using engineering data from a variety of sources.

This 1s augmented with budget quotations from vendors for
major items of equipment, and in some cases, complete
equipment packages, such as the Air Separation Unit and the
Rectisol and Nitrogen Wash Unit. Finally, use has been made
of Ebasco's estimates for their Proposal to ERDA of May

1976 for certain areas of .the plant.

The above sources are on a number of different bases, e.g.
erected Gulf Coast U.S.A. (Air Products) erected in France

(Air Liquide) and f.o.b. W. German Port (Linde). As the
composite estimate has been compiled from process data
generated within Humphreys and Glasgow and using H & G in-house
estimating methods, it was decided that the consistent basis
for comparison would be that of erection in the United

Kingdom, and all externally supplied information was corrected
to this basis. The figures are then expressed in U.S.

Dollars using a currency conversion of $1.90 = £1.00.

The estimating method used reflects the need for comparative
data rather than absolute costs. The engineering schedules
and costing have been done using in-house data and methods
based on similar projects carried out by H & G.

Summary of Capital Costs
The breakdown of capital costs into the various areas of the

ammonia plant, plus support facilities, is given .in Table 4-1
on the following page; and presented graphically in Figure 4-1.

Analvsis of Estimate

The trends shown by the capital cost curves are discussed in
Section 2, Conclusions. Individual process sections behave
differently with the effect of changing pressure. In general
solidshandling sections at the front end of the plant are not
sensitive to pressure as the amount of coal feedstock does
not change markedly. Pressure sensitive areas are those
primarily where the process fluid is in the gaseous phase,

(Cont'd’éﬁ.page 4--4)
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" TABLE * 4-1

BUDGET - CAPITAL COST ' ESTIMATE ' FOR 3,500 STD ' AMMONIA

Estimate Base Date : January, 1978

All Figures Quoted are Thousands of U.S. Dollars

CASE al B . c D
Coal Preparation 12,670 .12,510 12,500 12,390
Coal Gasification 20,330 18,900 19,860 20,430
Ash & Carbon System 5,510 5,970 €,380 7,700
CO Shift 18,500 15,760 21,090 25,330
Rectisol 51,810 43,470 47,580 79,900
Ammonia Synthesis 41,380 38,590 37,630 36,190
Nitrogen Wash 10,110 10,180 13,070 21,450
Air.Separation (Vendor A) 47,500 48,500 49, 400 50, 400
Boiler : 35,670 33,935 33,290 30,860
Utilities ' 33,000 32,700 32,490 32,260
Sulphur Recovery 2,660 2,660 2,660 2,660
TOTALS 279,140 | 267,175 | 275,950 | 319,570

Notes to Table

-

l. Costs for Air Separation quoted by other vendors are as follows:

CASE Al B ' o D
Vendor B 63,270 66,880 68,020 70,300
Vendor E 72,200 76,950 79,800 83,600

2. All costs are in 3U.S. based on $1.90 = £1 Sterling
Other currency coversions used:

9,00 I'rench Francs = 4.0 German DM = £1 Sterling
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Notes to Table 4-1 (Cont'd)

3. All prices are at.  January 1978, turnkev U.K., and are Budget
only. .

4. The following items are excluded:

forward escalation;

contingencies;

contractor's fee;

insurance costs;

Texaco licence fee;

customs fees, taxes, and import duties;

Land costs, site preparation and infrastructure
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e.g. gasification, CO shift, acid gas removal, oxygen com-
pression and synthesis gas compression. '

The accuracy of the overall cost estimate is higher for the
lower pressure cases as the figures relate to knowledge of
existing plant having similar capacity and performance
characteristics. This is particularly true for the Rectisol

and Nitrogen Wash Units where large extrapolations have been
made to generate capital costs for the 2500 psig pressure

case. The argument does not, however, apply to the gasification
and CO shift systems where an accurate specification of the '
equipment can be made leading to cost data of good accuracy.

The ammonia synthesis loop cost is almost .independent of
gasification pressure, although the cost of the synthesis gas
compressor and driver reduce with higher pressure, and also
become potentially more reliable due to simpler installations.

The conclusions from analysis of the capital cost estimate is
that the comparative figures show a minimum cost at about
1200 psig, which is well within the 500 to 1500 psig pressure
range where the absolute cost data is of good accuracy.

4.2 Operating Cost

Table 4-2 overleaf gives the operating costs for five pressure
cases, together with the capital charges calculated on the
basis given below. Also included in the table is the sum of
the operaling cest and capital charges, which is the ammonia
production cost.

The basis of the calculation is as follows, the notes below
corresponding with the references in Column 2 of the table.

(a) Ammonia production is taken as 330 days at 3500 8TD, i.e.
1,155,000 ST per annum.

(b) The price of coal for gasification and boiler fuel is
taken as $20 per ST. The coal is assumed to contain
10 per cent moisture as recieved and to have a HHV of
13,368 Btu/lb on a dry basis; this is equivalent to a
price of $0.8312 per million Btu on an HHV baslis.

(c) Electric power is purchased at an averagde price of
$0.0185 per kwh.

(d) Raw water is priced at $0.10 per thousand U.S. gallons.

(e) Catalysts and chemicals costs are calculated from man-
ufacturers recommended life and censumptions.
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4.2

(f) Labour costs are based on 75 operators each costing
$20,000 per year.

(g) Supervision costs are based on 20 men each costlng
$22 500 per year.

(h) Maintenance costs are taken as 4% per annum of the
total capital cost given in the bottom 1line of Table
4-1.

(i) vVariable overhead is taken as:

- direct: 30% of labour plus supervision
- indirect: 65% of labour plus supervision plus maintenance.

(j) Byproduct sulphur is given a credit of $50/ST.

(k) Depreciation of both onsite and offsite facilities is
taken as 15 year straight line, i.e. 6.67% per annum of
the total capital costs quoted in Table 4-1.

(1) "Finance Charges" is a single figure of 25% of installed
capital cost per annum to cover all charges related to
capital cost not included under any of the previous
headings, e.g. interest on loans during construction and
operation, and return on equity capital invested.

The trends apparent from the figures of Table 4-2 are presented
graphically in Figure 4-2, whilst the breakdown of energy
consumption, which is resoon51ble for the major portion of
operating costs, can be seen by reference to Figures 4-3 and
4-4. Inspection of the figures shows that total operating

cost is at a minimum at 1200 psig gasification pressure, with
the values at 500 and 2500 psig being each about 5 to 6%

higher tlan this minimum.

As the 1nd1v1dual curves for total operating costs and for
capital charges each show the same shape, the combination of
these two parameters further emphasises the trend for minimum
ammonia production cost to correspond with the 1200 psig
gasification pressure case. Production cost is about 9.5%
higher than the minimum at 500 psig and about 13.6% higher at
2500 psig. ‘



Synthesis Gas Trade-off Study I

Demonstration Plant - ,
Program, DOE , Gasifier Operating Pressure March 1978

TABLE 4-2

PRODUCTION COSTS IN $U.S. PER SHORT TON AMMONIA

(For basis of calculations please'refer to Paragraph 4.2*%¥%)

CASE " |**Note | A2 Al B o D
Ref

Raw Materials & Utilities

Gasification Coal (b) 28.40 28.69 28.95 29.46 31.01
Boiler Coal (v) T.61 6.53 6.01 5.69 3.72
Electric Power (c) 2.17 2.22 2.17 2,22 2.40
Raw Water (a) 0.26 0.25 0.25 0.25 0.24
Catalysts & Chemicals (e) 0.59 { .0.55 | 0.50| 0.9 | 0.45
Operations .

Labour ") 1.30 1.30 1.30 1.30 1.30
Supervision : (g) 0.39 0.39 0.39 0.39 0.39
Maintenance (h) 10.39% 9.67 9.25 9.56 11.07
Variable Overhead

Direct (i) 0.51 0,51 0.51 0.51 0.51
Indirect (i) - T.85% 7.38 T.11 7.31 8.29
Byproduct Credit

Sulphur (3) (2.63) (2.63) | (2.62)f (2.61)| (2.60)
Total Operating Cost 56.8L# 54,86 53.83 54,57 56.78
Capital Charges

Depreciation (a) (k) 17.32% 16.11 15.42 15.93 18.45
;Finance Charges (a) (1) 64 . 9L * 60.42 57.83 59.73 69.17
Total Capital Charges 82,26% 76.53 73.25 75.66 87.62
Ammonia Production Cost 139.10% }131.39 }127.08 | 130.23 1Lk ho

* Based on an extrapolated installed capital cost of $300 million.
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4.3 " Economics of Operation

The cost and performance curves indicate a theoretical
situation. This must be accompanied in practice by high
plant on-stream availability and on-stream flowsheet
production of ammonia on an annual basis if the overall
actual marketing forecast requirement is to be: achieved,
yielding profitable production.

The chance of obtaining high availability is greater for
plant operation at lower pressure because the process units
have been demonstrated on a commercial scale, but with

poorer economics than can be obtained by raising the pressure.
(Refer to the discussion in Section 3.4 for detalls of unit
scale which have been proven).

The factor for risk in relation to reliability can be set at
1.0 for gasifier operating pressure up to 1200 psig, and
trouble-free performance at this pressure can be demonstrated
later on the pilot plant scale. The risk factor for plant
availability becomes proportionately higher as the pressure
increases, and each process unit moves further into the un-
proven area. From the data presented there is no justification
for taking these greater risks because performance and cost do
not show improvement. The question for examination is only
whether the best pressure is exactly 1200 psig, or at some
relatively small variation either way £from this figure.

Breakpoints in technolegy have been sought for process'units'
and equipment hardware. The following are relevant:

- The number of Texaco gasifiers required for economic
throughput increases by one when the pressure is reduced
below 1100 psig, indicating a benefit from a higher
pressure. Note that each gasifier is intimately associated
with its own slag lock hopper and soot scrubber separator,
hence effecting a major reduction in equipment items at
pressures above 1100 psig, which also raises the reliability
factor.

- The CO shift system exhibits a breakpoint above about 1100
psig due to a reduction in the catalyst vessel diameters
which should permit the CO conversion to take place in
only two vessels arranged in parallel, each containing one
first stage and one second stage bed. Lower vressures
would require morc vessels and beds because of overall
shell size limitations. Also, the shift catalyst has been
proved.to 1100 psig and experimentally to 1400 psig;
further increases in pressure involve extrapolation of
performance. :
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The Acid Gas Removal Unit shows a breakpoint above the
1200 psig case, when the number of wash columns
required increases by a factor of two.

The Nitrogen Wash Unit has a sharply increasing cost
breakpoint at a feed gas inlet pressure corresponding
to gasification at 1200 psig, due to different heat
exchanger configuration.

The Air Separation Unit shows a breakpoint somewhere
above the 1200 psig case, where an additional stage of
centrifugal compression for oxygen is required.

The Ammonia Synthesis Unit is benefited by a gasification
pressure which reduces. the number of casings for the
synthesis gas compressor. Three casings are required at
1000 psig, and only two for the 1200 psig case.

Piping and valve pressure/temperature ratings and
associated costs at different plant presssure alternatives
are being investigated. Further study is required to
establish the overall economic effect of passing from

one ANSI rating to the next, and this work is being
continued.
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TRADE-OFF STUDY II - GAS PURIFICATION ALTERNATIVES

FINAL REPORT

INTRODUCTION

Trade-Off Study II incorporates proprietary information. The
presentation of data has been divided into two volumes.

1) ' A Final Report attached, which contains the conclusions
and recommendations together with a non-proprietary
version of the data and process information.

2) The Proprietary Data Volume, which contains the
raw data, cost estimates and records of discussions
involving the proprietary processes evaluated.
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SECTION 1

INTRODUCTION

OBJECTIVE

The objective of Trade-Off Study II is to define the gas puri-
fication system for a Commercial Plant to produce 3500 STD
ammonia from coal, using the Texaco Coal Gasification Process
operating at about 1200 psig. The system chosen shall also

be applicable to a Demonstration Plant designed to produce a
synthesis gas for subsequent conversion to ammonia at a pro-
duction rate equivalent to 1200 STD ammonia, also operating at
a gasifier pressure of about 1200 psig. The results are based
on an overall optimization of capital and operating costs,
supported by the applicability and proved reliability of the

process concerned.

SCOPE

1.2.1 The feed gas to the purification system contains H,, N2, co,
Ar., COp, H,S. COS and trace constituents; there is also

available a source of high pressufe N The purpose

¢
of the unit is to separate the gas components so that

the following streams result:

a) 2Ammonia synthesis gas: Hy + N,
b) Vented gas: Co,
c) Sour gas: HyS, plus any undecomposed COS

d) Fuel gas

The following design parameters apply:

i. For technical reasons the synthesis gas a) must
not contain CO, COZ' H»8, COS or 820.

Sid. For environmental reasons the vented gas b)
should not contain H;S or COS.

iii. Similarly, the fuel gas d) should not con-

tain Hj3S or COS.



1.2 SCOPE (Cont'd)

iv. It is wasteful 1f Ar or CH4 go to a}), or if CO
or CHy go to b) or c).

V. Costs are increased if the H3S in c) is less
than about 25%.

vi. Hydrogen leaving in the vented gas and sour
gas streams loses all potential as feedstock or
fuel; hydrogen recovered in the fuel gas stream
is degraded from its higher potential as feed
stock for synthesis gas but retains its heating
value.

vii. Processes were evaluated to ensure that any con-~
clusion reached would not be invalidated by
emission control requirements for CO and CH,

which might be applicable later in the program.

1.2.2 It is not feasible to producé the purified synthesis gas and
to control the other gas streams with a single process.
Two processes are required: an Acid Gas Removal process to
remove the sulfur gases and CO,; from the gas, followed by

a final clean-up to produce the synthesis gas.

1.2.3 The Acid Gas Removal system must absorb CO,p, H2S'and COS from
the feed gas, and allow separation of the €O, from the
other two gases. This can be done by selective absorption,
selective regeneration, or both. The primary object of
producing a purified ammonia synthesis gas can be achieved
by many processes; the need for separating CO5 from H,S ang
COz from COS eliminates the majority of these, unless the
uneconomic course is adopted of using two different processes
in series. The high partial pressure of acid gases and the
presence of COS both preclude use of chemisorption (ethanolamine
solutions for example), and thus a selective, physical absorp-
tion process is indicated Gases produced from coal are always

liable to contain trace impurities which can lead to



1.2

SCOPE (Cont'd)

1.2.3

1.2.4

1.2.5

(cont'd)
operating problems, such as foaming or sludge formation.

It is therefore valuable to know if a particular acid gas
removal process has been successfully applied for several

years to the treatment of "dirty" gas.

The process chosen must also integrate well with the final

clean-up unit.

To obtain an objective comparison it is necessary to use
data on competing processes obtained from competing

chemical plant contractors.

The processes available for the final clean-up duty are
adsorption, copper liquor, methanation and nitrogen wash. The
fact that fhe gas from the first process will be cold (and

free of condensable components) and the necessity of adding
nitrogen at this point reduces the economic applicability of
the first three named processes. The remaining process, nitro-
gen wash, integrates well with the other process systems in

the overall plant and is specified for its moderate invest-

ment cost and good efficiency of operation.

The Rectisol and Selexol processes were chosen for Acid Gas

Removal, as fulfilling all requirements.

The designs for this study were provided by Lotepro Corp./
Linde AG (Rectisol and Nitrogen Wash), and by Air Products

and Chemicals Inc./Allied Chemical (Selexol and Nitrogen Wash).
Only these organisations were able to carry out the work
within the time and budget desired. It had been hoped that a
competing design could be obtained from Air Liquide, but this

did not prove possible.
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2.1.1

2.1.4

2.1.5

2.1.6

SECTION 2

CONCLUSIONS AND RECOMMENDATIONS

CONCLUSIONS

Gas purification must be carried out in two stages for

economic and technical reasons.

The requirements of the first stage can be met by a
Rectisol plant by Lotepro/Linde AG, or by a Selexol unit
by Air Products/Allied Chemical.

The second stage in either case should be a Nitrogen Wash

unit.

The Rectisol solvent (methanol) is freely available world-
wide. Selexol solvent is obtainable only from single sources
in the U.S.A. and in Germany, but serious supply problems

are not anticipated.

Selexol solvent is relatively non-toxic, non-volatile and
non-flammable. Although methanol is classified as toxic
and flammable, these potential hazards are controlled to
acceptable levels of safety by application of standard

methods for plant design and operational handling.

The reduction of impurities (other than sulfur) in the co,

stream to vent does not form part of this trade-off study.

However, a qualitative study of feasibility has been made,

with the following findings:

i. Solvent vapor in this stream can be reduced to an
extremely low level by a water scrub. " The pol-
luted water can be used in the gasifiers, so

that no liquid effluent is produced.



2.1 CONCLUSIONS (Cont'd)

A
i 2.1.6 (cont'd)

ii. A large percentage reduction in the CO and CH4
going to vent is achievable at the cost of
extra equipment and increased operating cost.

iii. It is not economically feasible to treat the CO,
vent stream to remove CO and CHy to a very low
level. The design offered removes CO and CHyq to
currently accepted emission standards. Both invest-
ment and operating costs increase atAa dispro-
portionate rate if CO and CH4 vented volumes are
limited further. Also, no significant improve-
ment in environmental performance would result

from changing the design basis.

2.1.7 As will be seen from Section 4, the alternative gas purification

systems have almost identical installed plant cost.

2.1.8 As will also be seen from Section 4, the operating cost of the
Selexol system is substantially higher than that for the
Rectiseol version. This difference is large compared to any

advantages of the Selexol process enumerated above.

2.2 RECOMMENDATIONS

2.2.1 The Rectisol plant offered by Lotepro/Linde AG, plus a Nitrogen

Wash unit, should be specified for the Commercial Plant.
2.2.2 This recommendation applies also to the Demonstration Plant.
2.2.3 Before any such plant is ordered the process requirements

(particularly concerning effluents) should be defined as

exactly as possible.
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SECTION 3

TECENICAL EVALUATION

3.1 DESIGN BASIS'

3.1.1 Introduction

The data given below have been used as the design basis

for Trade-Off Study II; they are taken from the appropriate
"Statement of Work". Some of this data may be amended as-
more information becomes available from subsequent studies;
the modifications are not expected to be so large as to

invalidate the conclusions.

3.1.2 Feed Gas

Composition, mol%:

co 3.0
B, 49.19
Ny 0.41
Ar 0.12
Co, ' 45.45
CH, 0.75
HpS 1.08

100.0

The feed gas also contains trace oconstituents:

Ccos 60 ppm v/v

NH 3 0.3 " "
C2 +
hydrocarbons

2 ”" "



3.1

DESIGN BASIS (Cont'd)

3.1.2

3.1.4

Feed Gas (cont'd)

The gas is available at 1024 psia and 104°F, saturated
with water vapor, and in quantity sufficient to produce

3500 short tons per day of ammonia.

Product Gas

The product gas is to be of suitable quality for ammohia
synthesis, with total oxygen compounds not over 5 ppm
v/v; the pressure not less than 974 psia. The quantity
of Hy and Np is to be 34,400 1b. mol/hr, in the ratio
of 3.00:1.

Byproduct Gas Streams

a) CO5 to be vented:
HyS 5 ppm v/v max.
H,S + COS 10 ppm v/v max.
b) Sour gas to sulfur recovery:
H,S 25% v/v min.
Pressure 25 psia min,
c) Nitrogen wash tail gas;
Composition, etc., to be stated by the vendor of

the gas purificalion plaut.

Utilities
The following are available, in addition to nitrogen:

Steam at 50 psig saturated

" " 230 " and 540°F
" " 240 " saturated
" " 580 " and 730°F
" " 600 " saturated
" " 1500 " and 940°F

Cooling water at 89°F max., temp. rise 20°F;B.L. pressure

55 psig, prssure drop 20 psi max. Small changes in the

3-2



3.1

DESIGN BASIS (Cont'd)

3.1.5

Utilities (cont'ad)

-

parameters would not alter the findings of this study.

Electricity: below 1 h.p. motors 110 v. 1 - phase 60 Hz
1 to 250 " " 440 v. 3 " "
over 250 " " 4,160 v. 3 " "

Process water: raw, clarified and deaerated, or demineralized.
Instrument air.

(Refrigeration may be regarded as a utility for convenience).

Effluents

TOS II is concerned solely with the process requirements listed
above. The plant as-built will be required to conform with

the regulations then in force governing effluents, etc., and
where appropriate, consideration has been given to the
practicality of incorporating equipment to further limit

gaseous and liquid emissions.
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PROCESS DESCRIPTIONS, MASS BALANCES, FLOWSEEETS:

Rectisol System

Process Description

Rectisol Unit

(Refer to Process Schematic on page 3-12).

Owing to the large feed gas flow at the inlet to
the Rectisol plant section the gas is treated in
two streams, in order to limit the necessary
dimensions of the washing towers T410 and the

stripping columns T41ll.

The two stream design basis is used also for
the heat exchangers and separators wﬁich are
associated with these columns. This avoids
problems resulting from maldistribuéion. The
feed gas is supplied to the battery limits of

the Rectisol plant at 1024 psia.

After injection of methanol to prevent ice and
hydrate formation the gas is cooled down in the
heat exchangers E400 against tailgas and in

E402 against cold syngas.

After separation of the condensed methanol-water-mix
ture in D400, the feed gas is fed to the wash tower
T410, to be washed by methanol. In the bottom
section H,S and COS are absorbed down to 1 ppm. In
order to minimize the heat of solution in this '
section, a split stream of CO,-loaded methanol from
the CO,-wash sectionof the absorber is used for
sulfur removal. In the upper part of the absorber
CO, is removed down to 20 ppm. As the COp solu-
bility in methanol is less than the solubility of

BoS, the methanol circulation in the COp section is



.2 PROCESS DESCRIPTIONS, MASS BALANCES, FLOWSHEETS: (Cont'Qqd)

3.2.1 Rectisol System (cont'd)

is greater than in the H,S section. The
methanol surplus from the CO, section of the
absorber is branched-off from the middle of
the column. The heat of solution in the
CO2 absorption section is compensated by
cooling the methanol in the coolers E41l0
and E411 against cold methanol from T4ll and

against refrigerant at -31°F,

The purified gas leaving the top of the absor-
ber is sent to the adsorber station of the

No-wash unit.

A certain part of synthesis gas coming from the
Nitrogen Wash Unit is routed back to the Rectisol
wash, where it is warmed up in the heat

exchangers E412 and E402.

~ The H,S loaded methanol from the bottom of the
wash tower T410 is flashed in D410. Most of the
Hy and CO dissolved together with the HZS and
C02 is flashed off, and the remaining methanol
stream is flashed into the middle of the column
T411.

The CO, loaded methanol stream from the CO2 washing
part of the wash columns T410 is flashed into D41l
and then finally f;ashed into the top of the column
T4ll. Due to CO, flashing the temperature of the

methanol decreases.

The flash gas leaving the vessels D410 and D411,

mainly Hy and COZ' is recycled via recycle comPres-
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3.2.1 Rectisol System (cont'd)

"sor C400 and water cooler E40l, to the feed gas

before heat exchanger E400.

To get the required concentration of HyS in the
HZS fraction, CO5 is stripped in the lower section
of the columns T41ll by nitrogen, and to prevent
the stripping of HZS in this cqlumn, the H5S is

absorbed by sulphur-free CO,-loaded methanol

2
from D411 in the upper section.

In order to get a better CO, stripping, the HjS-
loaded methanol from the H,S absorption part of

the columns T41l1 is warmed up in the heat exchangers
E413 and E411, and thereby a rather large amount

of the abosrbed CO, is flashed out.

The methanol from the bottom of the columns T41l1l

enriched with H, S in solution, is pumped via heat

2
exchangers E432, E433 where it is warmed up against
warm regerated methanol, into the regeneration
column T430, where the complete stripping of H5S

and CO, is effected by methanol vapors.

The regenerated methanol leaving the bottom of the
column T430 is cooled down in the heat exchangers E433,
E432, E431, E430 and E413 against loaded methanol
refrigerant at -31°F. and tail gas. The methanol

drum D430 serves as storage for reduced holdup of

the columns during partial load and as storage for

feed to pump P430.

The HpS-rich stream leaving the top of the regen-
eration column T430 is cooled with cooling water
and condensate is removed in separator D43l. The

gas is further cooled in heat exchahgxs E436 and
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3.2.1 Rectisol System (cont'd)

and E437 to a temperature of -22°F against
cold and refrigerant. Most of the methanol is
condensed from the gas and returned to the top of

the regeneration column T430.

The tail gas from the top of the stripping columns
T41l is saturated with methanol. In order to satisfy
the air pollution requirements concerning methanol
content of vented gases, the methanol-containing

tailgas is washed with water.

The water/methanol mixture from the bbttom of columns

T431 is routed in the water stream to the gasifier.

The methanol/water mixture withdrawn from the sepa-
rator D400 is warmed up in heat exchanger E439 and

is sent to the methanol/water separation section.

The flashed gas from separator D432 is mixed with

the ByS-rich gas leaving the top of the regeneration
column T430 for further treatment, whereas the

liquid from the separator D432 is fed to the column
T432, in which the mixture is separated into methanol
and water. Methanol vapor leaving the top of T432 is
condensed in heat exchanger E439 and routed to

column T430. Methanol from the bottom of the

regeneration column T430 serves as reflux to column T432,
ii. Nitrogen Wash

(Refer to Process Séhematic on page 3-13)
Methanol and CO2 are removed from the feed gas in
inter~changeable adsorbers, to prevent solidification

of these components in the cryogenic section.

A heat exchanger is used to cool gaseous nitrogen to

the same temperature as the feed gas, by reheating



3.2.1

Rectisol System (cont'd)

the tail gas and a split stream of the purified

synthesis gas.

Feed gas and nitrogen are cooled to the nitrogen
wash temperature in a second heat exchanger
where the heat recovered is used to vaporize'

tail gas and reheat synthesis gas.

Ligquified nitrogen in the wash column dissolves

CO, Ar and CH4 from the feed gas.

Liquified nitrogen is blended into the synthesis
gas to establish the stoichiometric ratio of 3 Hjp

for each N2'

Refrigeration losses due to non-ideal heat
exchange and insulation are compensated for by
expanding the nitrogen to its partial pressure

in the synthesis gas and in the tail gas.

This unit can be designed to operate without pre-

cooling the feed gas in a Rectisol unit.
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Stream 1 Stream 2 Stream 3 Stream b
Feed Gas To Stripping Sour Gas To CO2 To Vent
Rectisol Nitrogen Claus Kiln
1b mol/hr | mol % | 1b mol/hr | mol % | 1b mol/hr | mol % | 1b mol/hr |mol %
COS 3,3 | (60 ppm) . 3.2 0.22 0.1 |(5 ppm)
co, 24,134.2 LRI 832.3 57.97 | 23,301.3 95.79
H,5 573.5 1.08 573.4 39.94 0.1 [(5 ppm)
N, 217.3 0.41 786.7 100.00 25.4 1.77 766.2 3.15
AF 66.4 0.12 5.4 0.01
H 26,122.3 49.19 1.1 0.08 155.7 0.64
c8 1,593.1 3.00 0.1 0.01 58.L4 0.2h
CH,, 398.5 0.75 0.1 0.01 h1.h 0.17
53,108.6 | 100.00 786.7 100.00 | 1435.6 100.00 | 24,328.6 }100.00
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3.2.1.

Rectisol System (cont'd)
b) Mass Balance (cont'd)_
Stream 5 Stream 6 Stream T
Make Gas To N, To Tail Gas From
Ammonia Synthesis Nitrogen Wash Nitrogen Wash
1o mol/hr { mol % |1b mol/hr mol % |1b mol/hr | mol % .
CcOos
COo
HoS
N> | 8,600.0 | 25.00 9,782.9 | 99.98 | 1.395.3 | 39.71
Ar . 1.5 | (43 ppm) 2.0 0.02 61.5 1.75
Ho | 25,800.0 75.00 165.5 .71
co 0.2 | (5 ppm) 1,53h4.4 43.67
CH), 357.0 | 10.16
34,501.7 | 100.00 9,784%.9 |100.00 | 3,513.7 |100.00
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3.2.1 Rectisol System (cont'ad)

c) Schematics

"(i) Rectisol Unit (1-FS-637)

(ii) Nitrogen Wash Unit (LO-1422)

J
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3.2.2 Selexol System

a) Process Descriptiom

i.

H»S Removal Unit

{(Refer to Process Schematic on page 3-24)

Feed gas at 1,024 psia and 104°F is combined with recycle
flash gas and then passes through the H,S Absorber (T-101)
where H9S is removed by countercurrent contact with a
solvent lean in H,S and rich in C02. Using a solvent
preloaded with CO5 prevents a large temperature rise in the
H2S Absorber and for a given solvent temperature at the
top of the HyS Absorber results in a lower solvent rate

to the H2S Absorber. This absorber uses many stages

to achieve a low solvent rate and thereby minimize the
amount of co-absorbed CO, to produce a richer Claus

gas. The rich solvent leaving the bottom of the absor-
ber is let down in pressure through a Hydraulic Power
Recovery Turbine (HT-101). The flash gas evolved is
separated from the solvent in the High Pressure H)S
Absorber Recycle Flash Drum (D-101). The solvent leav-
ing the bottom of this flash drum is further let down

in pressure through a second Hydraulic Power Recovery.
Turbine (HT-102). The flash gas evolved is separated from
the solvent in the Low Pressure H3S Absorber Recycle Flash
Drum (D-102). Finally, the flash gas passes through two
stages of compression and cooling and is combined with the
gas from the High Pressure HyS Absorber Recycle Flash Drum.
The combined stream goes through another stage of com-
pression followed by cooling and combines with the feed
gas to the HyS Absorber. The purpose of this recycle'
flash is to return most of the co-absorbed CO; to the
absorber, and thereby maintain a low level of CO2 in the

Claus gas.
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3.2.2 Selexol System (cont'd)

The solvent leaving the Low Pressure HyS Absorber
Recycle Flash Drum enters the HZS Stripper Feed
Pump (P-101) which serves to provide enough
head to get the solwvent through the Rich Solvent-
Lean Solvent Exchanger (E-107) and to the top of
the H2S Stripper (T-102). The capacity of this ‘
pump has been set to provide for recycling some
of the normal flow through a Side Stream Filter
(F-101). The rate is equivalent to 10% of the
combined solvent flow through both the H,S and
COs removal sections of the plant. The rich sol-
vent is heated against hot stripped solvent.
Make-up water is added to the rich solvent which
then passes to the top of the H,S Stripper where
a large portion of the remaining dissolved gases

flash off.

The flash liquid then enters the packed section

of the stripper where the remaining solutes are
stripped by countercurrent contact with steam
generated by boiling water out of the solvent

in the HZS Stripper Reboiler (E-108). The

flashed and stripped gases plus steam leaving the
top of the stripper are cooled in the B,§ Stripper
Condenser (E-106). Most of the steam is condensed.
The condensate is returned to the st Stripper
through the H,S Stripper

Condensate Pump (P-102). The gas leaving the con-
denser contains the H,S, COS and CO, which is the feed
to the Claus Plant. On a dry basis the composition
of this gas is 25 vol. % H,S.

Stripped solvent enters the CO; Absorber Lean Solvent
Booster Pump (P-103) and flows through the Rich
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3.2.

2

Selexol System (cont'd)

ii.

Solvent-Lean Solvent Exchanger where it is cooled.

It then enters two 50% CO2 Absorber Lean Solvent Pumps
(P-104 A&B) and is further cooled in the Refrigerated

Solvent Cooler (E-~109) before entering the top of the

CO, Absorber (T-201).

CO, Removal Unit

(Refer to Process Schematic on page 3-24)

Gas leaving the H32S Absorber is combined with recycle
flash gas and passes through the CO2 Absorber (T-201)
where CO, is removed by countercurrent contacting with

a cold solvent lean in CO,. This absorber has a lean
solvent entering at the top and a semi-lean sclvent
entering in the middle. This dictates a column with

a large diameter at the bottom and a smaller diamter

at the top to achieve a capital cost savings. Rich
solvent from the absorber is split into two streams.
Some of it passes through the H,S Absorber Rich

Solvent Pump (P-106) before entering the H3S Absorber.
The balance is let down in pressure through a Bydraulic
Power Recovery Turbine (HT-103). The flash gas evolved
is separated from the solvent in the CO; Absorber Recycle
Flash Drum (D-103), and compressed, cooled and recycled
to the CO, Absorber. The purpose of this flash is to
return most of the co-absorbed Hz to the absorber and
thereby maintain a very high level of H, recovery.
Solvent leaving the bottom of the CO, Absorber Recycle
Flash Drum is further depressurized in another Bydraulic
Power Recovery Turbine (HT-104). Solvént leaving the
turbine passes into the top of the CO2 Stripper (T-202)
where a large portion of the dissolved gases flash off.
The remaining C02 is removed with nitrogen stripping gas.
The solvent leaving the stripper is pumped through two
50% capacity CO2 Absorber Semi-Lean Solvent Pumps (P-105
AgB) and then enters the middle of the CO3 Absorber.

3-16
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3.2.2

Selexol System (cont'd)

iii.

COS Removal Unit

(Refer to Proéess Schematic on page 3-25 )

The deéign requirements call for 10 ppm maximum total
sulfur in the vent stream. To meet this requirement,

a vapor stream is taken up from an intermediate section
in the H,S Absorber and the COS in this stream is
catalytically hydrolized to H»S, and the converted

stream returned to the H»S Absorber.

A packed section is included in the H;S Absorber above

the point where the hydrolized stream is returned to provide
for the additional H3S loading resulting from the COS
hydrolysis. A booster pump (P-107) delivers liquid to

the bottom section from the top section of the E,S

Absorber to account for the pressure drop across the

COS hydrolysis section.

Vapor from an intermediate section of the H2S Absorber

is preheated against COS hydrolysis effluent in the COS

Hydrolysis Preheater (E-110). This temperature is con-
trolled so that after the high pressure superheated
steam (1500 psig, 940°F) is added to achieve a steam
to gas ratio of O;l, the resultant vapor temperature
is 350°F. The stream then splits and enters two para-

llel beds (V-106 A&B) containing United Catalysts

(formerly Catalysts and Chemicals, Inc.) C-53 COS

Hydrolysis Catalyst. Two parallel beds are used so
that each bed can have a reasonable length/diameter
ratio. In addition, two parallel beds can permit oper-
ation at half-rate and thus allow for change out of the
catalyst without shutting down completely. At 350°F
and a steam to gas ratio of 0.1, thel COS is hydro-
lyzed over the catalyst to less than 2 ppm(v).
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3.2.2 Selexol System {cont'd)

The COS hydrolysis effluent is cooled in the E-110
exchanger. It is further cooled against cooling

water in the E-111 COS Hydrolysis Effluent Cooler,

and finally, high level refrigeration is used in

E-112 to cool it t; the temperature at which it

left the H,S Absorber. The two-phase stream then

enters the COS Hydrolysis High Pressure Separator (D-106).
The vapor stream from D-106 is returned to the HpS

Absorber.

To keep hydrogen losses to a minimum, the liquid

from D-106 is flashed in the COS Hydrolysis Medium
Pressure Separator (D-107). The vapor off D-107 is
recycled to the H,S Absorber through the suction of

the 3rd stage of the H,S Absorber Recycle Compressor
(C-103). The liquid from D~107 is flashed in the

COS Hydrolysis Low Pressure Separator (D-108). The
vapor off D-108 is recycled to the HZS Absorber through
the suction of the 1lst stage of the H»S Absorber Recycle
Compressor (C-101).

iv. No Wash Unit

(Refer to Process Schematic on page 3-27)

Following the Selexol Unit, the feed gas passes through
the D-201, Drier Feed Condensate Trap in which any
entrained liquids are removed from the gas. The gas

then enters one of the T-301 A or B switchinghmolecular
sieve Drier-Adsorbers. The remaining water vapor, carbon
dioxide, and other impurities are removed by adsorption.
The adsorption process is designed to reduce the water,
carbon dioxide, and impurities in the feed gas to levels

sufficient to prevent freezeout in the cold box.

Prior to entering the cold box, the feed gas is filtered

to remove any dust particles in the F-201 A or B Drier-
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3.2.2 Selexol System (cont'd)

Adsorber Afterfilter.' Feed gas and nitrogen enter the
cold box and are cooled by cold product gas streams in
the plate-fin heat exchanger. The nitrogen is cooled
below its critical temperature and enters the top of
the T-401 Nitrogen Wash Column as reflux. As the
reflux flows down the column it is contacted on each
tray by feed vapor rising from.the column sump. By
this process methané, carbon ﬁonoxide, and argon arg
washed from the feed. Purified gas passes overhead
from the column, and is sent to the core exchangers.
Bottoms product from the T-401 Nitrogen Wash Column

is flashed. 'This reject stream is sent to the core
exchangers. The hydrpgen/nitrogen product and reject
streams both provide refrigeration for the incoming
feed and nitrogen gas streams. The hydrogen/nitrogen
product from the cold box contains a maximum of 5 ppm
of oxygen compounds. Nitrogen is blended into this
hydrogen/nitrogen product stream tc hold a constant
3:1 Hy:No molar ratio feeding the ammonia synthesis

loop.

The T-301. A and B adsorbers are operated on an 8-hour
reactivation cycle. The off-stream adsorbent bed is
reactivated uéing a portion of the reject stream from
the cold box. The reactivation gas is heated in the
E-201 Steam Reactivation Heater and the E-202 electric
Reactivation-Booster HBeater and passed through the off-
stream bed. When removal of water, carbon dioxide and
any other impurities from the adsorbent is complete, the‘
adsorber is cooled to operating temperature. The cooled,
reactivated adsorbef is then placed on-stream, and the
saturated adsorber is removed from service for subsequent

reactivation. The reject, after being used for adsorber

o>
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.2.2

Selexol System (cont'd)

reactivation is cooled in exchanger E-203, mixed with
the remaining portion of the reject and delivered to
the battery limits at a minimum pressure of 15 psia

and a maximum of BOOF.

When defrost of the cold box is required, feed gas is

heated in the E-204 Defrost Heater. ' The hot gas is

‘passed through the cold box piping and equipment until

a sufficient temperature has been attained to insure
complete vaporization of any solidified impurities.
The defrost time is reduced by draining the liquid
inventory from the cold box equipment. These liquids
are vaporized for disposal to flare in -the E-205

vaporizer.
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Stream 1 Stream 2. Streaciz 3 Stream U4
Feed Gas To Stripping Sour Gas To €0, To Vent
Selexol Nizrogen Claus Kiln —
1b mol/hr? mol % 1b mol/ar | mol % | 1b mol/hr | mol % | 1b mol/hr mol %
co3 3.3 | (60 ppm) 0.7 0.1 | (5 ppm)
Co, | 24313.4 | 45.48 1734.5 Th.92 1 22565.0 | 81.26
H2§ ST7.7 1.08 579.9 25.05 0.2- | (5 ppm)
N, 219.3 o.l1 5107.2 99.98 5107.1 18.39
AF 64.2 0.12 1.0 0.02 - 1.0 | (37 ppm)
H 26276.7 49,15 k9.5 0.18
06 1604.9 3.00 29.9 0.11
CH), 401.2 0.75 14,7 0.05
53460.7 |100.00 5108.2 100.00 | 2315.1 100.00| 27767.4 {100.00
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3.2.2. Selexol System (cont'd)
b) Mass Balance (cont'd)
Stream 5 Stream 6 Stream T
Mske Gas To No To Tail Gas From
Ammonia Synthesis Nitrogen Wash Nitrogen Wash
1b mol/hr | mol % 1b mol/hr|mol % | 1b mol/hr mol %
COos
COs 1.4 0.03
HpS '
N 8600.0 | 25.00 10026.8 | 99.98 | 16k6.2  LO.15
Ar 1.5 (44 ppm) 2.0 0.02 6L.7 1.58
Ho 25800.0 75.00 ' L426.7 10.41
Cco 157h.9 36k
CH), , 386.5 URIN
34401.5 |100.00 10028.8 {100.00 4100.h  100.00
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} § 3.2.2. Selexol System (cont'd)

c) Schematics

(i) Selexol Process Flowsheet
(ii) COS Hydrolysis Unit
(iii) Overall Process Flowsheet

(iv) Cold Box Process Flowsheet N, Wash Unit
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3.2.2 c) (iv)
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3.3 ANTICIPATED PERFORMANCE

3.3.1 Rectisol

a) For running the Rectisol and Nitrogen Wash plants,
between one and two men are needed on each shift.
A direct operating labor force totalling seven men
is required.

b) Utility consumption is as follows, given on the

basis of one short ton of ammonia produced:

Steam at 50 psig saturated: 657 1b

" " 240 " " 66 1b
" " 1500 " 940°F 21 1b
Cooling water 2830 US gal.
Deaerated water ' 80.5 US gal.
Electricity 31.9 kwhr.
Refrigeration at -31°F 20.6 ton hr
" " 23°F 12.7 " "

(1 ton hour equals 12,000 Btu)

c) Make-up of methanol from all causes totals about

2.3 1b per ton of ammonia produced.
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3.3.2 Selexol

a) For running the Selexol and Nitrogen Wash plants, betweén
one and two men are needed on each shift. A direct

operating labor force totalling seven men is required.

b) Utility consumption is as follows, given on the basis of

one short ton of ammonia produced:

Steam at 240 psig saturated: 587 1b
moo 580 " 730°F 1828 1b
" " 600 " saturated 42.5 1b
" 1500 " 940°F 818 1b

There is an export of 700 1lb of saturated steam at

50 psig.

Cooling water 26,000 US gal
Electricity 9.0 kwhr
Refrigeration at O°F 42.0 ton hr

" " 6OOF l l . 8 n n

(1 ton hour equals 12,000 Btu)

c) Makec-up of Selexol sulvent from all causes totals about 0.15 1b

per ton ammonia produced.

d) The Licensor has projected that the utilities for the plaht
could be reduced by optimization of the design with some con-
sequent increase in the installed cost. This projection has

been evaluated and shown not to affect the overall conclusions.
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3.4

COMMERCIAL EVALUATION AND RISK ANALYSIS

3.4.1

3.4.2

3.4.3

General

The object of this sub-section is to examine the risks

invélved in applying current technology to the gas purification
requirements for this plant.

No gas absorption plants are carrying out the exact duty
required here, and it is important to consider the effects

of change in various parameters.

Size

The large capacity of the plant produces correspondingly large
sizes for the equipment. The high operating pressure and low
absorption temperatures employed for both acid gas removal
processes, would permit the design of either plant as a single
stream. However, there are practical benefits in limiting the
maximum size of equipment; these relate to aspects of fabrication,
transportation and erection, and also ease of operation. For
these reasons, two streams are specified in some areas.

The nitrogen wash operates with small gas volumes (owing to
the low temperatures) and low liguid rates. There is no
difficulty in designing for either one or two streams; the

cosis appear similar.

The effects of size in this case present no problem.

Pressure

The feed gas pressure (and particularly the partial pressure
of carbon dioxide) is considerably higher than in traditional
plants. There are three main effects:
(i) There is greater danger of reactions between
gas components and the absorbent liquids;
(ii) The system will be further from ideality, and

design methods will be less accurate;
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- 3.4 COMMERCIAL EVALUATION AND RISK ANALYSIS (Cont'd)

3.4.3

3.4.4

Pressure (cont'd)

(11i) Heating effects of absorption will be more
pronounced, as for example when a given amount
of CO, gas is dissolved into a smaller quantity

of solvent.

The first point will be dealt with in the next paragraph.
The non-ideality of the system requires that design data
be measured at (and preferably well beyond) the area of
operation; no theoretical calculation is reliable under
these conditions. Both licensors state that this information
is on file and that it was used for this design.

The unusually sharp temperature rise is easy to understand;
less solvent flow involves a smaller thermal capacity.

The important effect here is that higher temperature may
reduce the solubilipy of a gas component in the solvent,
setting a practical limit to the partial pressure that can
usefully be employed by a particular process or by a

particular plant configuration using it.

Gas Impurities

Coal may be regarded as a mixture of rather complex chemicals,

and gas made from it is likely to contain trace impurities -

that may react chemically with the solvent. It is therefore )
necessary to consider the characteristics of the solvent

employed, and the operating experience with similar problems.

Both methanol and Selexol solvent are chemically robust, and

at the low temperatures employed appear unlikely to react with
the gas or to attack the materials of construction of the plant.
Operating experience bears this out, in that solvent degradation

and equipment corrosion appear rare for either process.

The most reliable information is provided by plant operation.

Both processes have been employed over many years in a number
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3.4.4

Gas Impurities (cont'd)

of plants, including cases where the gas 1is "dirty", for

example gas from partial oxidation of heavy fuel.oil.

Lists of plants are given in the next sub-section, and

support the claims of the process licensors.

The Rectisol process has an incidental advantage where
contamination of the solvent may occur. To maintain

an operating water balance, a side-stream of solvent is
continuously distilled; any dissolved dirt is likely to

be removed with the discarded water.

Effluents

As noted above, the feasibility of limiting these merits

examination.

In plants of this type in which CO,, say, is absorbed in
a liquid and subsequently regenerated and vented to atmosphere,
certain effluents are produced by the nature of the plant

operation:

a) The vent gas will contain vapor and perhaps droplets
the circulating liquid;

b) The plant contains circulating liquid, which may leak
owing to a minor mishap (for example, a pump seal
failure);

c) The vented CO; is likely to contain traces of all com-

ponents present in the feed gas.

Droplets of liquid will be removed from the vent gas by an
efficient demister mounted at the outlet from the regeneration
tower; this is standard practice. Vapors and perhaps fog will
pass this, but can be removed by scrubbing with water in tray
towers; the liquid effluent can be pumped to the gasifiers for

easy disposal,
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3.

4.

Effluents (cont'ad)

‘' The area drains to sumps which are automatically pumped

out to the disposal facilities. In the case of a methanaol
spill, the area would need hosing down to dilute the methanol

and suppress its evaporation.

‘When CO, is absorbed into the solvent some hydrogen and carbon

monoxide will also be dissolved; the quantity of CO is 3 to 6
thousands of tons per year. The only ways in which the CO2
purity can be increased (and the CO emission reduced) are to
flash the C02 - rich solvént, and either compress the flash
gas back into the gas feed line (thus conserving hydrogen,
etc.,), or pass it to flare. The first method is limited by
the rapid increase in compression cost, the second by the

fact that excessive flashing produces a gas that is non-
flammable because of its high CO, content. A reasonable
design using both measures would reduce CO emission to about

600 tons per year.
Other apparently polluting, streams such as the nitrégen wash

tail gas would be burned or flared, completely destroying

objectionable components.
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3.5 Lists of Plants

3.5.1 Linde Rectisol Units

Note: Three units were built by Messer Griesheim GmbH, whose know-how was
acquired and transferred to Linde AG in 1971.

COMPONENTS CONTRACT
CLIENT FEEDGAS PRESSURE REMOVED (VOL.%) AWARDED 1IN
Typpli Oy o 16 MMSCFD 356psia 002,33.4% - 50ppm 1960
Oulu, Finland hydrogen rich gas from

partial oxidation of H,S,0.4% - 1 ppm
heavy fuel oil C02-Prod. 2.1 MMSCFD

999,
Dangk-Norsk 13.8 MMSCFD ‘ 356 psia CO, 33.4% - 50 ppm 1961
Evaelstoff- hydrogen rich gas from H2S 0.4% ~ 1 ppm
fabrik, partial oxidation of : COo -Prod. 1.45 MMSCFD
Copenhagen, DK heavy fuel oil 99%.
Texaco Inc. 79.6 MMSCFD 481 psia CO, 33.3% - 10 ppm 1966
Los Angeles, hydrogen rich gas Zrom H28 0.49% - 1 ppm
USA. partial oxidation, Tailgas: max. 5 ppm HoS

no COy required.

HoS-Prod. 10% design

result 25.69 HoS
H. Koppers GmbH, 46.9 MMSCFD 351 psia 002: 37.6% - 60 ppm 1966
Essenﬁ converted gas from Ho8: Traces to be removed
for Kutahya, coal gasification. COg-Prod. 12.9% MMSCFD

Turkey. : 99%
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3.5.1 cont'd.
CLIENT -

American Air
Liquide Inc.
for Monsanto
Texas City, USA.

Long Island
Lighting Comp.
New York, USA.

Pilot -~ and
Demonstration
Plant for Texaco
Inc. Monte Bello
CAL,

Borden Chemical
Comp. New York,
USA.

Rohm and Haas
Comp. Philadelphie,
USA.

Brooklyn Union Gas
Brooklyn New York,
UsSA

Rohm GmbH,
Darmstadt,
West Germany-

FEEDGAS

53 MMSCFD
hydrogen rich gas
from steam reformer

4.3 MMSCFD
natural gas.

1 MMSCFD hydrogen

- rich gas from

partial oxidation of

heavy hydrocarbons.

16.8 MMSCFD

12.6 MMSCFD

11.9 MMSCFD

7.9 MMSCFD
natural gas.

PRESSURE

351 psia

602 psia

1140-2560 psia

313 psia
356 psia
356 psia

498 psia

COMPONENTS
REMOVED (VOL.%)

002 10.29, - 20 ppm

Odorénts, COy, Co+
C02 0.92 - 5 ppm

C02 33% - 10 ppm
H,S 0.7% - 1 ppm
st in tailgas
max. 5 ppm

co

CO,, CaHgp

COz

S-Components, Co+
CO2 5% - 50 ppm
Hy8 0.01% - 15 ppm

‘liflll

CONTRACT

AWARDED IN

1969

1969

1966

1966

1966

1966

1970



3.5.1 Cont'd

COMPONENTS CONTRACT
CLIENT FEEDGAS PRESSURE REMOVED (VOL.%) AWARDED 1IN
. 7 _
H.Koppers GmbH, 146 MMSCFD . 427/711 psia COy 42.6% 20 ppm 1972
Essen. for hydrogen rich gas HoS 0.95% - 1 ppm
’ from coal HyS-Prod. 80% H,S/COS
Modderfontein,
South Africa gasification. : COp-tailgas: max. 10 ppm HyS
) CO5~-Prod. 10.8 MMSCFD
99 .99
Krupp Koppers 32.9 MMSCFD 398/341 psia 002 42,39, - 20 ppm 1975

9¢€-¢

GmbH, Essen,
for Kafue,
Zambia.

hydrogen rich gas
from coal
gasification.

st 1.0% - 20 ppn

HyS-Prod. 97% Hy5/COS

COg-tailgas:
max. 150 ppm H,S

Celanese Chemical Over 35 MMSCFD 441 psia 1975
Co. Houston, Texas, hydrogen rich gas.
USA
Syngas Co. from partial oxidation of 853 psia CO,, HpS, COS, HCN 1976
Houston, Texas, heavy residual oil before - 0.1 ppm HZS + COS
USA and after CO-shift (2 stages)
Gujarat State 168 MMSCFD ‘ 1067 psia 35.9% CO, - 20 ppm 1976
Fertiliser Co., Converted gas from partial 0.759% HZS - 1 ppm
Baroda, India. oxidation of heavy fuel oil COy-Prod. 26.8 MMSCFD
(1 stage) - 98.5% COq
UBE Industries 21.1 MMSCFD 612 psia 6.7% C02'- 20 ppm 1977

Lzd., Tokyo.

from partial oxidation of

heavy fuel oil.

1.46%,(328 + C0S) - 0.1 ppm

H2S-fraction:
509% (H,5 + CO8)



3.5.2. Linde Nitrogen Wash Units

Note: LindeA.G.has built more than 60 Liquid nitrogen was

units since 1850. The 1list below is an excerpt only.

CLIENT

Anic S.p.A.
Rom. Itely

Hindustan Steel Ltd.,
New Delhi, India

Neyveli Lignite
Corp. Ltd.,
Neyveli, India

Typpi Oy

Dansk Norsk Kvaelstoff-
fabrik Copenhagen,
Danmark.

H. Koppers GmbH
for South Vietnam

U.S. Steel Corp.
Pittsburg, USA.

H. Koppers GmbH
for Kiitahya,
Turkey.

VEBA~-Chenmie AG
Gelsenkirchen
West Germany.

H. Koppers GmbH
. for Modderfontein
South Africa

Fertilizer Corp.
of India
Sindri.

FEEDGAS

21.0 MMSCFD
hydrogen rich gas

15.7 MMSCFD
Coke oven gas

17 MMSCFD x 2
shift-converted gas
from coal gasification

10.7 MMSCFD
shift-converted gas
from oill gasification

9.1 MMSCFD
shift-converted gas
from oil gasificetion

10.7 MMSCFD
shift-converted gas
from coal gasification

131 MMSCFD
Purified coke oven gas

28.9 MMSCFD

.8hift converted gas

from coal gasification

98 MMSCFD
shift-converted gas
from o0il gasification

82,2 MMSCFD
shift-converted gas
from coal gasification

76 MMSCFD

shift-converted gas
from oil gasification
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185

185

228

356

341

327

185

341

683

668

583

PRESSURE

psia
psia

psia

psia

psia

psia

psia

psia

psia

psia

psia

CONTRACT

AWARDED

1955
(1958)

1959

1959

1960

1961

1963

1964

1966

1970

1972

1975



3.5.2. Cont'd.

. CLIENT

VEBA-Cheémie AG
Brunsbuttel
West Germany

Krupp Koppers GmbH
for Kafue,
Zambisa

Gujarat State Fertilizer
Baroda, India

L&)

FEEDGAS

PRESSURE
133 MMSCFD 683 psia
shift-converted ges
from oil gasification
19.1 MMSCFD 341 psia
shift-converted gas
from coal gasification
104 MMSCFD 1038 psia

shift-converted gas
from oil gasification

3-38

CONTRACT

AWARDED 11

1975

1975

1976



3.5.3. Seleiol Units

Owner & Location

Allied Chemical Corp
Omaha, Nebraska

Ammoniaque Synthetique
et Derives S.A. (ASED)
Willebroek, Belgium

Coastal States Gas
Producing Co.

Six Shooter, Texas
Grey Ranch Plant

'Lone Star Gas Co
Ft. Stockten, Texas
Pikes Pesk Plant

Northern Natural Gas
Co.

Ft. Stockton, Texas
Mitchell Plant

Contractor

Start Up

Description

Bulk CO» Removal - Synthesis Gas

Allied Chemical
1965

Davy Powergas GmbH-
Cologne, W.Germany
1975

CO2 from 18% to 0.5%

L5 MM SCFD @ 565 psia.
Air stripping, no steam
required. Carbon steel.
Original solvent charge.
Reforming of natural gas.

COp from 33% to< 1% _
HoS from 200 ppm to < LYppm
HCN from 100 ppm to < 10 ppm
47 MM SCFD €@ 370 psia

POX of crude oil.

Replaced Hp0 wash.’

Bulk COo Removal - Natural Gas

Fish Engineering
Houston, .Texas

1969

Olsen Engineering
Davy Powergas, Inc.
Houston, Texas

197h

1975
Ortloff Corp.

Midland, Texas
1977

3-39

CO2 from 43% to < 3.5%

HoS from 5 ppm to <1 ppm

HoO from saturation to < T# /MM
SCF 275 MM SCFD € 1000 psia

No stripping, no refrigeration.

COp from 43% to < 3.5%

HoS from 30 ppm to 4 ppm
Maintains < T+ /MM SCF

50 MM SCFD @ 1000 psia

No stripping, no refrigeration.

Expansion to 100 MM SCFD

COo from 28% to< 3.5%

HpoS from 16 ppm to < 4 ppm

HoO from saturation to < 7# /MM
SCF 180 MM SCFD @ 900 psia

No stripping. Replaced DEA.



3.5.3. (cont'd)

Owner & Location

Northern Natural Gas Co
Ft. Stockton, Texas
Oates plant

Norddeutsche~Erdgas-
Aufberaitungs-GmbH
Mobil, Esso, Shell
Sulingen, West Germany
. NEAG II plant

Wintershall AG
Barnstorf, W.Germany
Dueste I plant

Contractor

Start Up

Description

Selective Sulfur Removal - Natural Gas

Fish Engineering
Houston, Texas

1969

Davy Powergas GmbH
(formerly Pintsch Bamag)
Cologne, W.Germany

1970

Mobil 0Oil A.G.
in Deutschland
1973

Mobil 01l A.Q.
in Deutschland
1976

Davy Powergaes GmbH
(formerly Pintsch

Bamag)

Cologne, W.Germany
1970

HpS from 100 ppm to < 4 ppm
COop from 18% to< 2.5%
Maintains Hp0 @ <7 s /MM SCF
130 MM SCFD @ 1000 psia

Inert gas stripping —— split
flow

HoS from 4000 ppm to < 2 ppm
COp from T% to > 5%

COS from 130 ppm to 70 ppm
Maintains HoO @ < 7 #£ /MM SCF
62 MM SCFD @ 1000 psia

Inert gas stripping

Replaced potgssium carbonate

HoS from 9.2% to < 2 ppm

CO» from 9.%% to 8%

COL Lrom 130 ppm to (O ppm
RSH from 100 ppm to <1 ppm
80% HoS to Claus plant
Mointains Ho0 @ < 7 # /MM SCF
62 MM SCFD @ 1090 psia

Inert gas stripping

Replaced Alkazid

Expansion to 67 MM SCFD

HoS from 7% to < 1000 ppm

COp from 9% to 5%

Maintains Ho0 @ < T+ /MM SCF
32 MM SCFD @ 1000 psia

Inert gas stripping

Replaced propylene carbonsate
and glycol-amine



3.5.3. (comt'd)

Owner & Location

Wintershall AG
Ruetenbrock, W.Germany

Wintershall AG
Barnstorf, W.Germany
Dueste II plant

ERDA/AGA

Homer City,
Pennsylvania
Bi-Gas pilot plant

Contractor

Start Up

Description

Selective Sulfur Removal -~ Natural Gas

Wintershall AG

1973

Comprimo b.v.

Amsterdam

1976

Comprimo b.v.

Amsterdam

1977

Expansion to 45 MM SCFD
15 MM SCFD to <« 2 ppm H2S

HoS from 60 ppm to < 2 ppm
COo from 5% to 4%

Maintains HoO @ < 7 # /MM SCF
45 MM SCFD @ 1400 psia

Inert gas stripping

HoS from 7% to < 2 ppm
COo from 9% to 5% '

COS from 118 ppm to 60 ppm
RSH from 100 ppm to<{ 1 ppm
68% HoS to Claus plant
Maintains Ho0 @ T#4 /MM SCF
45 MM SCFD @ 1000 psia
Steam stripping

Selective Sulfur Removal - Syhthesis Gas

Stearns—Roger
Denver, Colorado

1976
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HoS from 7000 ppm to< L ppm
COp from 31% to< 1%

35% H2S to Claus plant

<< 20 ppm HoS to COpvent

11 MM SCFD € 1500 psia max.

Steam stripping

Gasification of coal to 3NG



3.5.4. Air Products Nitrogen Wash Units

Location Year Syngas Output
Collier Carbon and Chemical Corporation 1954 125 tons/day

Brea, California, USA

Co~operative Farm Chemical Association 1954 125 tons/day
Lawrence, Kansas, USA

John Deere and Company ' 1955 200 tons/day
Pryor, Oklahoma, USA

Northern Chemical Industries ' 1955 125 tons/day
(Girdler), Searsport, Maine, USA

Sun 0il Company 1956 315 tons/day
Marcus Hook, Pennsylvania, USA

Gonzales Chemical Industries 1956 125 tons/day
Guanica, Puerto Rico

Phillips Pacific Chemical Company 1957 220 tons/day
Kennewick, Washington, USA

W. R. Grace & Co A 1959 260 tons/day
Memphis, Tennessee, USA

Government of Venezuela, Ministry of Mines 1959 120 tons/day
Moron, Venezuela

E.I. DuPont 1959 300 tons/day
Gibbstown, New Jersey, USA

Georgia Pacifie 1978 575 tons/day
Plaguemine, Louisiana
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4.1

SECTION 4

ECONOMICS

The total installed cost of the gas purification system,
excluding the cost of land and of unusually stringent measures
to reduce effluents, was estimated by Air Products for the
Selexol version and by Lotepro for the Rectiscol system. The
basis is for erection in Kentucky, with all costs referred to

June 1978; the effects of inflation have not been included.

The above figures were examined, and a number of omissions

and anomalies identified and corrected. It became obvious

that certain types of equipment had been estimated on different
bases for the two plants, and where this was so an independent
estimate was made of the relevant items in the two plant versions.
In this way there is assurance that the relative plant costs

are as accurate as possible, and that reliance can be placed on
any difference between them. The figures for installed cost

should not be used for other purposes without further study.

For hoth of the plants studied a royalty is payéble; this has

been included in the capital cost figure. No royalty is payable

CAPITAL COST ANALYSIS
4.1.1 Basis
for Nitrogen Wash.
4,1.2 Table 4-1

Installed Cost of Gas Purification Systems

Rectisol €clexol
Acid Gas Removal Plant, including
royalty, $ million 47.5 49.0
Nitrogen Wash $ million 9.0 9.Q
Total ' © 56.5 58.0



4.2

OPERATING COSTS

4.2.1

Basis

a)

b)

c)

d)

e) -

£)

g)
h)

i)

3)
k)
1)

All operating costs are expressed in (June 1978) dollars
per ton {2,000 lb) ammonia product.

The Commercial Plant concerned produces 3500 tons of

. ammonia per day, for 330 days per year.

Capital charges are represented by 15 year straight-
line depreciation. .

Direct operating labor is taken as 7 men total (about

1% men per shift) for either plant; this includes the
nitrogen wash. The cost is assumed $20,000/man year.
The cost of supervision is taken as 30% of the cast of
labor.

The cost of maintenance is taken as 4% of installed cost

per year.

. Direct overhead is calculated as 30% of d) plus e).

Indirect overhead is calculated as 65% of d) plus e)
plus f).

The cost of steam is:

50 psig saturated $1.64/ST(Steam)

230 " 540°F 2.75
240 " saturated 2.56
580 " 730°F 3.58
600 " saturated 3.22
1500 " 940°F 4.49

Exchaust steam is credited at the above levels.

(Bought~in) electricity cost $0.0185/kwhr.

Cooling water cost is $0.03/1000 USg circulated.

Raw water is available at$0.10/1000 USg: demineralisation
adds $0.50 to this; for the Rectisol plant clarified
deaerated water is required, at a cost assumed to total

$0.20/1000 USg.



4.2 OPERATING COSTS (Cont'd)

4.2.1 Basis (cont'ad)

m) The cost of refrigeration (regarded as a utility)has
been calculated as follows; note - a ton-hour is defined

as 12,000 Btu:

-31°F $0.097/ton-hr
o°F 0.068
23°F 0.049
60°F 0.027

n) Methanol is currently quoted at $142 per short ton,

Selexol solvent at $1 per lb.



Rectisol Selexol
Capital Charges
Depreciation 3.346
Latour Costs
Direct Labcur 0.121
Sugervision 0.036
Maintenance 1.957
Direct Overhead 0.0k47
indirect Overhead 1.37h
Total 3.619
Utilities,  Chemicals
Steam: 1500 psig 21 1b 0.047 1b 1.836
600 psig 1b 0.068
580 psig 1b 3.272
2h0 psig 66 1b 0.085 1b 0.751
50 psig 657 1b 0.538 1b ©.574 Cr)
Subtotal 0.670
Electuricity 31.9 Kwhr 0.590 Kwhr
Cooling Water 2830 gal 0.085 gal
Deaerated Water 80 gal 0.016
Refrigeration:
~310F 20.6 ton.hr | 2.001
OOF ton.hr| 2.858
230F- 12.7 ton.hr | 0.622
60°F , ton.hr | 0.320 ~
Subtotal 2.623 — 5.178
Solvent Make-up 2.3 1b 0.162 0151b 0.152
Total 9.630
Total Production Cost 16.595
Delta: 5.65 S/ST
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4.3

ECONOMICS OF OPERATION

For true érofitability a gas purification unit must
have reliability and .ease of operation, or apparent
costs mean little. The»eQidence presented in Section 3
is of sufficient scope and in sufficient detail for

confidence in the process - see in particular Section 3.4.

Operating costs of all types are detailed and compared
in this Section 4. It is clear that quite large changes
in the relationship between different costs (say,
capital charges and electricity) would not alter the

findings of this study.

Confidence can therefore be placed in the conclusions

in Section 2.
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1. INTRODUCTION

1.1 OBJECTIVE

The objective of this study was to evaluate the perform-
ance, reliability and the capital and operating costs of

wet grinding as compared to dry grinding in the prepara-

tion of a coal slurry for use in the Texaco Coal Gasifica-
tion System of the Commercial Plant. The study also included
a discussion of the entire coal handliﬁg system from barge
and rail unloading points to the grinding equipment.

1.2 SCOPE

1.2.1 Coal Handling

A conceptual design is discussed for the Coal. Handling
based on Ebasco's experience in the design of fossil fuel
power plants. Availability of equipment, and the relation-
ship between Commercial Plant and Demonstration Plant sizes
are included in the discussion.

1.2.2 Coal Preparation
l1.2.2.1

The study evaluated a dry grinding system based on the
use of a cage mill and wet grinding systems based on ball

and rod mills.
1.2.2.2

The study did not evaluate the coal grinding system used
to prepare the coal for firing in boilers because the

equipment used for this system is well established, and
has been in successful operation in numerous fossil fuel

power plants.



1.2.2.3

The following procedures were used to develop the data
which is included in this study:

a)

b)

c)

- d)

e)

f)

Surveyed vendors with coal grinding or related

grinding experience in order to obtain data for

‘equipment specifications, capital costs, and

expected grind distribution.

Prepared a conceptual design for alternate coal
preparation systems using data obtained from
vendors. Developed order-of-magnitude capital
investment and operating costs.

Evaluated the conceptual designs for the alternate
coal preparation systems, and selected a system
for pilot plant tests.

Selected vendors to conduct the pilot plant tests
based on the availability of suitable test facili-

ties and experience with coal grinding.

Evaluated the pilot plant test results for accept-
ability of the grind size distribution.

Utilized the pilot plant test results to develop
recommendations for the Commercial Plant which
take into account economics, operability and risk

factors.

-D -



2. CONCLUSIONS AND RECOMMENDATIONS

2.1 SUMMARY OF CONCLUSIONS

2.1.1 Coal Handling System

The Coal Handling System employs commercially known and
. accepted technology used extensively in existing utility

and industrial complexes.

2.1.2 Coal Preparation System

2.1.2.1

Grinding a coal/water slurry in a ball mill in open circuit
. operation will not produce a product. free of significant
quantities of plus 14 U.S. mesh material without over-
grinding. '

2.1.2.2

Adjustment of ball mill operation in open circuit to pro-
duce a slurry with the required top size results in a
prpduct high in the minus 325 fraction. This change
adversely affects slurry properties and will reduce

efficiency in downstream filtration operations.

2.1,2.3

Solids content for grinding of a coal/water slurry in a
ball mill appears to be limited to a maximum of 53 percent.
However it is noted that this limitation may be related to
the specific mechanical configuration of the equipment

used in pilot plant tests.

2.1.2.4

On the basis of preliminary tests it is believed that the
required top size specification can be obtained by wet
grinding of coal in a ball mill operated in a closed circuit.



However present data indicates that a low solids content

must be used, resulting in dewatering requirements.

2.1.2.5

Grinding a coal/water slurry in a rod mill in open circuit
operation will ?roduce a product with a suitable grind
classification except for the presence of 0.2 to 0.5 per-
cent of plus 14 U.S. Mesh. ‘

2.1.2.6

Solids content for grinding of a coal/water slurry in a
rod mill can be in excess of sixty percent without block-
age in the mill or the discharge system.

2.2 RECOMMENDATIONS

2.2.1 Commercial Plant

Wet grinding of coal in a rod mill operated in open circuit,
using a trommel screen for removal of oversize material is
recommended for the conceptual design of the Commercial

Plant for the following reasons:

a) Wet grinding of coal in a rod mill operated in open
circuit has been successfully demonstrated in a

pilot plant.

b) The open circuit operation is a simpler system with
fewer items of equipment, and avoids some of the
potential difficulties associated with the closed

circuit such as water balance and chloride buildup.

c) Present indications are that a 14 U.S. mesh trommel
screen will perform satisfactorily in this service,
however it is recommended that further work be

conducted prior to the final design.




d) Wet grinding of coal presents no serious environmental
problems and associated economic risks such as are

introduced by dry grinding of coal.

2.2.2 Demonstration Plant

2.2.2.1 Coal Handling System

It is recommended that the design of the Coal Handling
System for the Demonstration Plant be based@ on using equip-
ment similar to, but at one-third of the size of equipment
specified for the Commercial Plant. The one major excep-
tion to this recommendation involves the barge unloader
where it is recommended that for the Demonstration Plant

a single grab bucket be used rather than the twin bucket
ladder specified for the Commercial Plant. Because of the
smaller size required in the Demonstration Plant a twin
bucket ladder barge unloader would cost approximately one
million dollars more than the single grab bucket type.

The savings in operating cost for the twin bucket does

not warrant the extra capital cost,

2.2.2.2 Coal Preparation System

The impact of oversized product material on the performance
of downstream equipment, and in particular on the ability
of the slurry pumps to deliver a consistent volume of
slurry has been considered for this study, but its effect
has not yet been demonstrated in tests., Conflicting
opinions have been expressed by siurry pump vendors as

to the maximum slurry top size which can be handled with-

out causing flow interruptions.

In consideration of the severe consequence which will
occur in downstream processing equipment if the slurry



flow is suddenly interrupted it is recommended that the
Demonstration Plant design be based on a system which will
more positively eliminate the possibility of oversize
material reaching the slurry pumps.

The use of an open circuit system involving rod mill
grinding, vibrating screening for separation and recycling
of 14 plus U.S. mesh material, followed by dewatering

facilities should bé considered.



3. TECHNICAL APPROACH

3.1 DESIGN BASIS
3.1.1 General

The study was to be based on a high sulfur, agglomerating
Eastern coal. Kentucky coal from the No. 9 seam was

selected as the basis for study and test work.

3.1.2 Coal Handling System

The Coal Handling System of the Commercial Plant shall be
capable of handling all the coal required for steam genera-
tion and for slurry preparation. The system includes all
the equipment required to unload coal from barge and rail
unloading points, to stack coal in live and dead storage
piles, and to reclaim coal from the piles for delivery to
separate silos for steam generation and slurry preparation.

The unloading and stacking equipment shall handle approxi-
matély 60,000 short tons of eight inch top size coal per
week, during one shift per day, for five to six days per
week. Three inch top size coal will be stored.

The reclaiming system shall continuously deliver one-
guarter inch top size coal at a rate of 351 short tons
per hour to the silos. Approximately 271 short tone per
hour of coal shall be delivered to the slurry preparation
silos, and 80 short tons per hour to the steam generation

silos.

3.1.3 Coal Preparation System

The Coal Preparation System shall be capable of grinding
271 short tons per hour (ST/hr) (dry basis 238 ST/hr).
The grind product shall have a nominal classification of



100% minus 14 U.S. mesh.

The grinding system may be wet or dry, and may be operated

in open or closed circuit.

For wet grinding allowance must be made for the addition
of a process carbon and ash recycle stream to the 271
ST/hr of coal.

3.2 PROCESS CONSIDERATIONS

3.2.1 System Descriptions

3.2.1.1 Coal Handling System

Coal is transported to the Plant by barges and/or railcars.
The barge unloading system is designed for an average rate
of 1500 short tons per hour. The coal is transported to
the surge bin by a belt conveyor. Magnetic separators
remove all ferrous metal items from the coal stream. The
rail unloading system is designed. for an average rate of
1300 short tons per hour. The system is complete with a
thawing shed to handle frozen cars in winter operation.

A rotary car dumper is uced to unleoad the rail car into

a track hopper. A frozen coal cracker is positioned
beneath the track hopper, and is used during winter months
when the coal is in large frozen lumps. During the re-
mainder of the year the breaker plates are pushed back

to allow coal to pass through the frozen coal cracker.
From the coal cracker, the coal is transferred to a con-
veyor by means of a vibrating feeder. The material is
conveyed to the same surge bin used for barge unloading.

From the surge bin, material is transferred to the coal
breaker spreader type vibrating feeders. ' The coal is
reduced from 8" x 0" to 3" x 0" and oversize extraneous



foreign material is removed in the screening opération.
The material is conveyed to a live étorage pile with a
capaéity of four (4) dayé storage for 100 percent plant
load. Excess coal is transported to the dead storage
area by means of a bulldozer and a scraper where it is
compacted and shaped. Dead storage has a minimum of a
30 day coal supply at 100 percent plant load.

The coal reclaim system is independent of the unloading
system. Coal is reclaimed from the live storage area by
means of one of the four vibrating type coal pile dis-
chargers. Reclaimed coal feed rate is controlled by the
vibrating feeder under each coal pile discharger. The
material is transferred to a surge bin by means of a
series of conveyors. The conveyor system has a magnetic
separator for removal of tramp iron and a belt scale to
measure the reclaimed coal quantity. From the surge bin,
vibrating feeders are used to transfer the coal to hammer
mills where the material.is reduced from 3" x 0" to 1/4"x0".
Each mill is designed for 3000 short tons per hour. The
coal is then transferred by a series of conveyors to
storage silos for the boiler and gasification plant.

3.2.1.2 Coal Preparation Systems

a) Coal Preparation System - Scheme I

Refer to Exhibit #4 for a system schematic arrange-
ment. Three parallel trains each of 50% plant
~capacity would be installed in the plant for dry
grinding of coal in a cage type mill and conveying
the grind product to the slurry mix tanks. Two
trains would normally be in operation. Coal is
transferred to the cage mill by means of a weigh
belt feeder. In the mill the material is reduced
from 1/4" x 0" to nominally 100% minus 14 U.S. mesh.



b)

c)

The discharge from the mill is conveyed to a bucket
elevator and transferred to a storage bin. The
material is then transferred to one of four (4)
slurry mix tanks by means of a dense phase pneumatic
conveying system.

Coal Preparation System - Scheme II1

Refer to Exhibit #5 for a system schematic arrange-
ment. Three parallel trains each of 50% plant

capacity would be installed in the plant for wet

~grinding of coal in a ball mill operated in open

circuit and for collection of product slurry and
transfer to the slurry mix tank and dewatering
facilities. Two 1ob% capacity centrifuges or
filters would be used in the dewatering operation
and product cake would be transferred to the slurry

mix tanks by two 50% conveyors.

Coal, process recycle slurry and make-up water are
added to the ball feed inlet chute at controlled
rates to make a slurry concentration of 45% solids
by weight. The grind product from the mill is a
nominal 100% minus 14 U.S. mesh, which is discharged
into a sump tank. The slurry is transferred by
means of a centrifugal pump to the slurry mix tank
and dewatering operation. The fraction of slurry
dewatered is controlled to obtain, in the final
product slurry concentratidn,the specified percent

solids by weight.

Coal Preparation System - Scheme IIT

Refer to Exhibit #6 for a system schematic arrange-
ment. Three parallel trains each of 50% plant
capacity would be installed in the plant for wet

~grinding of coal in a rod mill operation in open

circuit and for collection of product slurry and
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transfer to the slurry mix tank.

Coal, process recycle slurry and make-up water are
added to the rod mill feed inlet chute at controlled
rates to provide a slurry concentration 60 plus percent
solids by weight. The product grind slurry is passed
through a trommel screen to remove oversize material.
Product slurry is transferred by means of a centri-
fugal pump to the slurry mix tank for final addition

of water to obtain the desired solids content.

3.2.2 System Evaluation

Both dry and wet grinding systems were considered feasible
for the coal preparation study. Preliminary analysis of
capital investment and operating costs based on vendor

data indicated that the dry grind system offered some
economic advantage over the wet grinding system. However,

the wet grinding system.was selected for the Commercial

Plant .after consideration of the following process parameters.

3.2.2.1

Dry grinding of coal in open circuit cage mill operation .
has previously been demonstrated in pilot plant operation.
However, the product grind was screened to remove over-
size material before preparation of the coal/water slurry.
If the product grind coal must be screened, a dry screening
operation would require approximately thirty-two (32) large
screens which would increase the investment and operating
costs substantially above a wet grinding system using a

wet screenihg operation. The system would also create
potential environmental problems associated with handling

and recovery of fine coal dust.
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3.2.2.2

Taking intQ account the product size distribution required,
a dry grinding system may be subject to pluggage of product
coal during periods of high moisture content in the feed-
stock. |

3.2.2.3

The product coal discharge from the mill must be transported
to the gasifier as a coal/water slurry. Using a dry grind-
ing system, the slurry preparation system for the Commercial
Plant would be'designed in a batch mode to insure thorough
mixing of dry coal and water followed by final adjustment

of the product slurry for the specified percent solids by
weight.

3.2.2.4

The problem of mixing coal and water in a wet grinding
system does not exist. The system also offers the pos-
sibility of continuous operation for slurry preparation
with potential savings in the number and size of product
slurry mix tanks.

3.2.2.5

In the Commercial Plant design, a substantial quantity of
process material is recycled for use in the pfeparation
ol product slurry. In a dry grinding system, this stream
would be returned to the slurry mix tank as shown in
Exhibit 4. To preclude excessive quantities of oversize
material in the product slurry feed to the gasifier, the

recycle stream may require a separate wet grinding system.

3.2.2.6

In a wet grinding system, the process recycle stream can
be added to the mill inlet, thereby eliminating the over-

size problem.
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3.3 COMMERCIAL EVALUATION

3.3.1 Survey of Grinding Equipment Manufacturers

A total of thirteen major manufacturers were contacted to
provide cost estimates and technical information for various
types of mills that might be used to grind coal for the
process slurry. The types of mills investigated were rod,
ball, bowl, hammer, cage and disc. Both wet and dry grind-
ing methods were considered using open and closed circuits.
Each manufacturer was requested to provide cost estimates,
sizing and  power requirements for their equipment on the
basis of grinding 220 tons per hour of the typical coal
considered for this program. This is the nominal design
flow rate of coal feedstock for a Commercial Plant to
produce 3500 STD of ammonia from coal.

Prior coal grinding experience and shop facilities to
perform grinding tests later on actual samples of coal

were also covered in discussions with the manufacturers.

The manufacturer's data, listed in Exhibit 3, were analyzed
and evaluated to select coal slurry preparation systems for
further study. Of the two manufacturers contacted on disc
mills, one declined to provide the requested data at this
time and the second manufacturer provided preliminary data
on number of mills required.for the specified duty, but
without product grind size distribution. In the U.S. there
is no service experience with wet grinding of coal with
disc mills that characteristically operate at approximately
1200 RPM. Although this type of mill may find application
in wet grinding of coal in the future, the application of

a disc mill was excluded from further study in this program.
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3.3.2 Pilot Plant Tests

3.3.2.1 Dry Grinding

Dry Grinding of éoal in a cage mill has been demonstréted
in pilot plant tests conducted prior to this trade-off
study, as being capable of producing the required size
classification. These tests utilized screening to separate
oversize material from the mill product. Additional pilot
plant tests were not deemed necessary.

3.3.2,2 Wet Grinding

a) Ball Mill Pilot Plant Tests

Vendor "A" was selected for pilot plant investigation

of wet grinding of coal based on previous experience
in a commercial installation, estimated product size
distribution using a ball mill in open circuit and
'.availability of tests facilities. A truckload of
.coal considered closely representative of that which
will be used in the program was shipped to the Vendor's

test center.

The initial test program was based on investigating

the following areas of interest:

1) Determine the feed rate to the ball mill to obtain
a minus 16 U.S. mesh top size product in open

circuit operation.

2) Determine the effect of finer grind product top
size on product size distribution and ball mill

operation.

3) Determine the maximum percent of solids by weight
that can be achieved by wet grinding without flow
restrictions through the mill.

-14-



4) Determine the effectiveness of a disc filter in
removing moisture from the product slurry dis-
charged from the mill.

As a result of preliminary test results obtained in
the pilot plant operation, the program was modified
to investigate wet grinding of coal in a closed
circuit ball mill using a spiral classifier for
separation of oversize material.

The pilot plant investigation used a 2' x 4' ball mill,
spiral classifier and one four-foot diameter disc
filter. Size distribution of coal feedstock to the
ball mill is tabulated in Exhibit 7. Tests results

of open and closed circuit ball mill operation are
tabulated in Exhibits 8 and 9 respectively.

The duration of the test program did not permit suf-
ficient time to study the effect of ball loading,
extensive variation in percent of critical speed, or
modification of the mill discharge piping configura-
tion. Within these limitations, the test results
indicated a maximum slurry concentration of 53% dry
solids before pluggage occurred in the system; open
circuit ball mill could not meet the program require-
ments on top size; a closed circuit ball mill ovpera-
tion could possibly satisfy the program requirements
with additional test work although the classifier
product siurry would be only 15% by weight dry solids.
This would require that the major portion of the
product slurry be dewatered to obtain the optimum
slurry concentration for the gasifier operétion.
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b)

Rod Mill Pilot Plant Tests
Vendor "D" had received a contract from the Depart-

ment of Energy (DOE) to investigate various modes. of

coal grinding for a coal gasification program sponsored
by the government. As a result of the experience
gained in the pilot plant investigations, a computer.
‘simulation model for coal grinding had been developed.
Before actual pilot plant work was commenced, a series
of simulation runs were made on wet grinding of coal
in open and closed circuit ball mill operation. The
simulation results tended to confirm the preliminary
results obtained in Company "A's" test center. The X
simulation run for wet grinding of coal in a rod mill
open circuit operation indicated that this may be the
promising approach to meet the program required objec-
tives on top size material and maximum product slurry
concentration. A closed circuit wet coal grinéing
system would require addition of water to the classi-
fier regardless of the type used, in order to effect

a separation of top size material. The product slurry
concentration from the mill would also contain the
major fraction of the dilution water resulting in a

final product slurry of lower concentration.

. Size distribution of coal feedstock used in the .

tests is shown in Exhibit 10. A three-foot
diameter rod mill was used in all the tests,

The rod charge and percent of critical speed was
not varied during the inveéfigation. The test
results indicate a slurry concentration as high as
62% dry solids can be obtained without pluggage of

the rod mill or mill discharge slurry transfer system
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for the coal tested. The maximum slurry concentra-
tion was not limited by Qiscosity properties but by
the mill inlet piping configuration used to transport
the coal and water to the mill inlet. The fraction
plus 16 U.S. mesh varied from 0.2 to 0.5 percent of
the product grind.

The test results of wet grinding in a rod mill with
open circuit operation are not included in this report
because they contain data considered proprietary by

Texaco Development Corporation.

3.4 RISK ANALYSIS
3.4.1 General

Successful performance is expected of a Coal Preparation
System constructed in accordance with the system recommended
for the conceptual design of the Commercial Plant, i.e. wet
grinding in a rod mill with a trommel screen for removal of
oversize material. However, the translation from a con-
ceptual design to an actual plant involves some elements

of risk which are evaluated in the foilowing paragraphs.

3.4.2 Equipment Availability

In the Commercial Plant 220-280 ST/hr of solids must be
handled in the coal preparation system. The coal prepara-
tion plant tor the Black Mesa Pipcline, using rod mills in
open circuit operation, processes 660 ST/hr of coal. There-
fore the availability and size of equipment required for

the Commercial Plant presents no significant risks.

3.4.3 Deviations from Pilot Plant Tests

3.4.3.1

In the pilot plant study, 3/4" x 0 top size was used as
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feedstock to the rod mill. A 2" x 0 top size feedstock is
proposed for the Commercial Plant design. The extrapola-
tion of top size feedstock from pilot plant to the Commercial
is considered to be of nominal risk. '

3.4.3.2

The coal/water slurry preparation work in the pilot plant
used city or town water for adjustment of the percent
solids in the slurry concentration. 1In the commercial
plant, the water for preparation of the coal/water slurry
will be a process recycle stream containing various chem-
icals compounds dissolved in the water. The impact if
any, on corrosion of liners, rods, etc,has not been
demonstrated. It is assumed that the corrosion problems
can be controlled by pH adjustments of the coal/water
slurry. ‘

3.4.4 Untested Elements of the System

The impact of the carbon/ash recycle streams on the product
size distribution and fraction of product oversize has not
been demonstrated in the pilot plant investigation because
recycle material was not available. It is assumed that

the product size distribution will not change significantly
when carbon/ash recycle is added to the coal slurry in the
rod mill. Provision has been made in the design for the
potential of a higher power requirement with recycle.
Oversize material as a result of the carbon/ash recycle

is not expected to limit the plant capacity. However,
since a representative sample of carbon/ash recycle will
not be available until the actual plant operation, its
effect on the performance of the Coal Preparation System

must be listed as an uncertain factor.
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3.4.5 Elimination of Oversize

Material

The process for elimination of oversize material has not

been demonstrated. The risks
in terms of plus 14 U.S. mesh
slurry going to the gasifier.
that oversize material can be
discharge valves of the pumps

the Gasifier at high pressure.

must therefore be evaluated

‘material in the product

There exists the possibility
caught in the suction or
used to feed the slurry to

Such an occurrence can

cause a sudden reduction in the rate of slurry to the

gasifier.

dangerously high temperatures

Without a corresponding change iq’oxygen flow,

will occur in the Gasifier.

Because of this danger, the question of oversize material

must be considered a high risk factor.

It is essential

that further test work be conducted prior to the final

design, to evaluate the performance of equipment to remove

oversize material,

and to determine the effect of oversize

material on the slurry pump performance.
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4. ECONOMICS

4.1 CAPITAL COST ANALYSIS

Cost estimates were obtained from each of the manufacturers
for the type of mills selected. for Coal Preparation System
schemes I, II and III. Cost estimates were developed for

the additional equipment required for each system which

are included in Exhibit 11. fThese are summarized below:
Coal _ ' ~ Estimated
Preparation Capital Investment
System ~$1,000,000

Scheme I (Cage Mill, Dry Grinding)
Scheme II (Ball Mill, Wet Grinding)
Scheme III (Rod Mill, Wet Grinding)

w U w
L] * L]
0 O

4.2 OPERATING COSTS
4.2.1 Basis

a. All operating costs are expressed in 1978 dollars
per short ton of ammonia product.

b. The Commercial Plant produces 3500 tons of ammonia

per day for 330 days per year.

c. Capital charges are represented by 15 year straight

line depreciation.

d. Direct operating labor is assumed as four men total
for all three systems. The assumed cost is $20,000/

Man Year.

e. The cost of supervision is taken as 30% of the cost

of direct'labor.

f. The cost of maintenance as a percent of plant installed
plant cost is taken as 5.42 for scheme I, 2.84 for
scheme II, and 3.42 for scheme III.
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g. Direct overhead is calculated as 30% of d) plus e).

h. Indirect overhead is calculated as 65% of d) plus

e) plus f).

i. Purchased electricity cost $0.0185/kw hr.

4.2.2 Total Production Costs ($/ST NH,)

SCHEME I SCHEME I1I
DRY GRINDING WET GRINDING
CAGE MTLL BALL, MIIL
LABOR COSTS
Direct Labor 0.069 0.069
Supervision 0.021 0.021
Maintenance 0.169 0.123
Direct Overhead 0.027 0.027
Indirect Qverhead 0.168 0.138
Topal 0.454 0.378
CAPITAL CHARGES
DEPRECIATION 0.208 0.289

UTILITIES

ELECTRICITY (Kwhr) (10.6)* 0.196 (11.5)* 0.213

TOTAL PRODUCTION
COST ($/ST NH3) 0.858 0.880

* Feedstock Topsize: 1/4" x 0

** Feedstock Topsize: 2" x 0

-21-

SCHEME III

WET GRINDING
ROD MILL
0.069
0.021
0.112
0.027
0.131

0.360
0.219

(16.4)** 0.303

0.882



4.2.3 Cost Adjustment

During the development of information for this trade-off
study it was determined that the use of a 2" x 0 feedstock
topsize to the rod mill would permit better control of
fines in the product grind. Accordingly, capital and
operating costs for scheme III - wet grinding in a rod
mill, were obtained on this basis. The data obtained
earilier for .dry grinding in a cage mill (scheme I), and
wet grinding in a ball mill (scheme II) were for 1/4" x 0
feedstock topsize. Therefore the total production costs
listed in 4.2.2 are based on different feedstock topsizes.
Implicit in the data is the fact that for schemes I and II
there will be equipment, and a corresponding power consump-
tion for obtaining the quarter-inch topsize. For purposes
of a better comparison of the three schemes, an adjustment
has been made to the total production costs for scheme III
to account only for electric power costs. With this adjust-
ment it is estimated that the total production costs for
scheme III, assuming 1/4" x 0 feedstock topsize would be
0.794 $/ST of ammonia.

4.3 RISK ANALYSIS
4.3.1 Escalation

The'invéstment estimates prepéred for each of the schemes:
investigated for the Coal Preparation System are order-of-
magnitude estimates based on 1978 equipment costs. It is
not expected that the price escalations as a result of
inflation would change the conclusions and recommendations

of this study.

4.3.2 Screening to Remove Oversize Material

4.3.2.1 Dry Grinding - Cage Mill

The capital cost analysis does not include any allowance

for screening of oversize material. If dry screening is

-22-



required, it is estimated that approximately 32 screens
each about 4 feet wide x 20 feet long will be required.
The equipment cost alone is expected to be in excess of
one million dollars. Consideration of the building
requirements and the dust collection equipment costs for
such a large screening area makes the economic risk in-

tolerable for dry grinding.
4.3.2.2 Wet Grinding - Ball and Rod Mills

The capital cost analysis does not include any allowance
for screening of oversize material other than the use of
the trommel screen in the case of the rod mill. If wet
screening is required with ball or rod mill operation,

it is estimated that approximately 16 screens each about
4 feet by 8 feet will be required. The cost of the
screens alone will be approximately $160,000. Additional
dewatering equipment required with the wet screens will
have order-of-magnitude cost of $320,000.

4.3.3 Carbon/Ash Recycle

The impact of carbon/ash recycle for the wet grinding
systems has been discussed in section 3.4.4. In the

case of dry grinding with a cage mill, the wet carbon/

ash recycle stream can not be introduced into the mill,
but must be added at the slurry mix tanks. If the carbon/
ash recycle slream contains oversize material, it will

be necessary to add an additional grinding system for the

recycle stream.
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EASTERN COAL - EXPECTED RANGE OF ANALYSES *

EXHIBIT #2

PROXIMATE ANALYSIS - AS RECEIVED

%
%
%
%

Moisture
Ash
Volatile

Fixed Carbon

ULTIMATE ANALYSIS - DRY BASIS

% Carbon

% Hydrogen

% Nitrogen
% Chlorine
% Sulfur
% Ash

% Oxygen

Btu - As Received (Min-Max. Range)
Btu - Dry Baslis (Min-Max. Range)

% Sulfur - As Received
% Sulfur - Dry Basis

Hardgrove Grindability Index

RAW COAL
Minimum Maximum
4,19 12,00
13.90 22.03
27.79 36.30
40,00 49,23

Not Additive

57.95 68.61
4.0 5.00
0.50 1.57
0.03 0.24
3.35 6.90
14,88 24,77
3.50 6.81

Not Additive

9 248 11 948
10 397 12 470
3.05 6.30
3.35 6.90
48 66

* Range of properties given to manufacturers of grinding equipment,
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LINE-UP OF MANUFACTURER'S COST ESTIMATE FOR
GRINDING MILL EQUIPMENT

EXHIBIT #3

MANUFACTURER A : B

c D E F

H

TYPE OF MILL Ball Cage Hamme £ Ball Cage Rod
WET OR DRY GRIND Wet Dry Wet Wet Dry Wet
OPEN OR CLOSED CIRCUIT Open Open Clased Closed Open . Open
GRIND SIZE-% THRU # 14 MESH 100 100 89 100 100 99.5
GRIND SIZE-% THRU # 40 MESH 100 90 56 - ' 100 90
GRIND SIZE-% THRU #100 MESH 44,3 50 25 - : 80 60
GRIND SIZE-% THRU #200 27.9 30 6 35 ( - 80
GRIND SIZE-% THRU #325 MESH 27.8 22 2 25 25 -
SLURRY-% SOLIDS (WGT) 50 - 50 50 - 50
MILL UNIT DATA
COAL FEED - TPH 110 220 110 220 220 110
DRYING AIR FLOW - LB/HR - - - - - -
DRYING AIR TEM - F - - - - - -

P OF AIR FLOW-IN. H,0 - - - - - -
DRIVE MOTOR(S) & HP 900 1 - 1750 1 - 600 3000 1-700 & 1-800 1-1500
MOTOR/MILL - RPM 180/25 1750/900 1200/1200 V-Belt 180/-
MOTOR ~KW ~ ;

MILL & MOTOR SIZE-FT X FT X FT

ESTIMATED UNIT COST

MILL - $1000 330 205 77 1160 76 668
MOTOR(S) - $1000 . 25 45 Incl Incl 44 Incl
ROB OR BALL CHARGE - $1000 30 - - Incl - Incl
DRYING AIR EQPT - $1000 - - - - - -
LINERS OR OTHER EQFT $1000 i 1 - _ Incl feeders 11 -

‘ TOTAL 385 251 77 1160 131 668
TOTAL NO. MILLS & CAPACITY ~% 2-50% 1-1007% 2-50% 1-100% 1-100% 3-50%
TOTAL COST-ALL MILL - $1000 770 251 154 1160 131 2005
PRIOR COAL SLURRY EXPERIENCE: Black Mesa Black Mesa 2 Secondary No Coal, But many None, Mfr None

Pipeline Pipeline Crushere at Linestone wet says this
Slurry Prep Secondary Cadiz, Ohio Grind Mills for .Cage Type
Use 3-Rod Mills Crusher for Slurry Pipe- AQCS Mill cannot
100%-14 mesh Mill Feed line & Black be used for

‘as Primary Mills

Mesa Pipeline
has Secondary

Impactor

-26—
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MANUFACTURER

TYPE OF MILL

WET OR DRY GRIND

OPEN OR CLOSED CIRCUIT
GRIND SIZE-% THRU # 14 MESH
GRIND SIZE-% THRU # 40 MESH
GRIND SIZE-%, THRU #100 MESH
GRIND SIZE-% THRU #200
GRIND SIZE-% THRU #325 MESH
SLURRY-% SOLIDS (WGT)

MILL UNIT DATA

COAL FEED - TPH
DRYING AIR FLOW - LB/HR
DRYING AIR TEM - F
P OF AIR FLOW-IN. H,0
DRIVE MOTOR (S) & HP
MOTOR/MILL - RPM '
MOTOR -KW
MILL & MOTOR SIZE-FT X FT X FT

ESTIMATED UNIT COST

MILL - $1000
MOTOR(S) - $1lUUU
ROB OR BALL CHARGE - $1000
DRYING AIR EQPT - $1000
LINERS OR OTHER EQPT $1000

TOTAL

TOTAL NO. MILLS & CAPACITY -%
TOTAL COST-ALL MILL - $1000

PRIOR COAL SLURRY EXPERIENCE:

Ball
Dry
Closed'
98

72

53

35

25

55
143,000
520
12.5
1-900
1200/ -

500
Incl
Incl

4-25%
2000

None

Bowl

Dry
Closed

98

70

60

470

405

4-257
1620

None

LINE-UP OF MANUFACTURER'S COST ESTIMATE FOR

GRINDING MILL EQUIPMENT

Bowl
Dry
Closed
100

25

73.3
218,000
600

705

412

525

3-33%
1575

None

EXHIBIT #3

L}

Ball
Wet
Closed
. 100
. 75
| 45

30

25

60-70

110

1-900
700/ -

400
25

30
455

2-50%
910

None

Dry Grind
coke for
rotary kilns

Rod -
Wet
Closed
98

85

26

50-54
75

1-700
522/-

245
56
26

3-33%
981

None

-27-



INCHES
M.

Ci?L"SILO | o ~ AUXILIARY
X0'SIZE ‘ WATER SUPPLY
FEED . L— | ™
CARBON/ASH--
Q < RECYCLE N
BUILDING v ! 'V
UILDIN
COAL [ !
FEEDER « SIN -
Y 2 <
' 2 @ } @ =3
i
CAGE MILL a1 z
N - i .. n z
R W I l &
| < I | <
| = h - [ 2
| DRIVE MOTOR\Y / DRIVE MOTOR ol | i ! v
| (300HP) (400 HP) | | | I o
— l !: ‘ “ =
o= — —0 a : |
l comeroR | - C=Ab=-a - =]
— l 1 /A 1 5 \

| : | FLUO/VEYOR . SLURRY MIX TANKS SLURRY PUMP

NOTE: .

|  THERE ARE THREE 507 CAPACITY CAGE MILLS, CONVEYORS,
BUCKET ELEVATORS,BINS AND FLUO/VEYORS,

CYNTHESIS  6AS
2 FOUR SLURRY MIX TANKS ARE THE SAME FOR ALL SCHEMES

DEMONSTRATION PLANT PROG6RAM

3 EFAEOUSPPA&F?:ETSJ%GSELUM&F_{I\Z F‘%li;A_lfA_NKBSE CAPABLE OF FEEDING EITHER Teraco smices moomroraTEn | COMMERCIAL PLANT EXHIBIT
owlIECH palOD ArFRovED TOSII METHOD OF COAL 4
=Y ATYAE PREPARATION SCHEME I

* | PAGE 28

v 4-

0
£S5 aa s ad
INC?'C[’{W' T T
| 2




i/

INCHES
M.

COAL SILO
" H
j}-xo SIZE , , AUXILIARY
FEED ‘ | WATER SUPPLY
!
DRY CAKE ¢
CONVEYING SYSTEM
_ BUILDING — L
FEEC_)SELR MAKE UP WATER Y y T0 SLURRY
CARBON/ASH RECYCLE | ; @ RUN‘TANK
XN i £ DISC FILTER
- N OR }‘l
CENTRIFU6E I | I
1007 OF SLURRY | & |
WET BALL MILL . z 5 o
| ; S |al | SLURRY MIX TANK
| N % 5 12 :l
1= pRive Mot | = 5 f
(1000HP) SLURRY SUMP TANK R |© { -
: C———=_T] _._ﬁ-‘
[ T 1 H
SLURRY TRANSFER PUMP SLURKY PUMP
NOTE: '
|. THERE ARE THREE 50%, CAPACITY BALL MILLS, SLURRY SUMP - |
TANKS & SLURRY TRANSFER PUMPS . TWO 100% CAPACITY DISC SYNTHESIS  6AS
EICL)-J\IEERYSINOEJR SCYESNTTE%IEUGJES & TWO 5(573 CAPACITY DRY CAKE DEMONSTRATION PLANT PROG6RAM
2. FOUR SLURRY MIX TANKS ARE SAME FOR ALL SCHEMES EBASCO SERVICES INCORPORATED COMMERCIAL PLANT EXHIBIT
ore TECH o EB ST aormaven TOSIL _METHOD OF COAL 5
—_— oare_ /10778 PREPARATI ~ SCHE

0 | 2 3 Y ]




INCHES
M.

COAL SILO

2"x 0"s1z€
FEED

COAL

FEEDER_

\)

MAKE UP WATER

BUILDING —3

. CARBON/ASH RECYCLE

~

g

TROMMEL SCREEN
1007-OF SLURRY

WET ROD MILL
! DRIVE MOTOR
(1500HP) L_/

!

SLURRY SUMP TANK -

!

| AUXTLIARY
i WATER SUPPLY

TO SLURRY
RUN TANK

A

2 |

I
SLURRY l“‘|IIIX TANK

)

NOTE:

SLURRY TRANSFER PUMP

THERE ARE THREE 50% CAPACITY ROD MILLS,THREE
TROMMEL SCREENS ,THREE SLURRY SUMP TANKS, SIX
SLURRY TRANSFER PUMPS, ONE SLURRY MIX TANK WITH
AGITATOR AND TWO SLURRY PUMPS.

SYNTHESIS GAS

SLURRY PUMP

DEMONSTRATION PLANT PROGRAM

EBASCO SERVICES INCORPORATED

ajeiN|e

DIV

REY

DATE | BY | APPROVED

DATE | BY | APPROVED DATE

0 ! 2
XNCHES'H,..,,| 2 )

™. )
0 1 2 3 Yy S

PREPARATION SCHEME I

COMMERCIAL PLANT [EXHIBIT
70S I METHOD OF COAL 6

PAGE 30




-Te~

EXHIBIT #7 SIZE DISTRIBUTION OF COAL FEEDSTOCK TO BALIMILL

TEST RUNS

TOP SIZE

FEED SIZE DISTRIBUTION

U.S. SIEVE % RETAINED

+ 40
- 40 + 100
-100 + 200

-200

1 &2

%H

82.5
10.5
3.5
3.5

100.0

3&4

%H

71.5
15.8
5.9
7.1

100.0

5,6 & 8

77.1
13.2

4,5

100.0



TEST NUMBER
TIME @ SAMPLING MINUTES
TYPE OF GRINDING CIRCUIT

COAL FEED RATE TO MILL, LB/HR.
LOCATION (SAMPLE)

% SOLIDS
% MILL CRITICAL SPEED

MILL H P/ TON OF FEED

U.S. SIEVE ANALYSIS

WT7 RETAINED

+ 16
- 16+ 40
- 40  +100
-100 4200
=200 4325

-325

MEAN PARTICLE DIAMETER (MM)

30

Open
350

Mill

Disch.

38.0
77

18.9

4.8
4.3
21.4
12.4
20,1

37.0

.317

50
Open
300
Mill
Disch.
42.0
77

19.2

5.3
4.5
20.8
20.8
10.4

38.2

.334

115
Open
300
Mill
Disch.
53.0
77

19.2

4.7
3.1
19.0
22.2
10.5

40.5

«253

3

60
Open
300
Mill
Disch.
53.0
77

23.1

1.2
3.6
17.2
20.6
11.5

45.9

.133

EXHIBIT # 8 TEST RESULTS OF OPEN CIRCUIT BALLMILL OPERATION

60
Open
250
Mill
Disch,
49.0
77

28 04

1.4
2.3
21.2
19.8
9,2

46.1

.152

5

50
Open
250

Mill

Disch,

34.0
66

261

6.5
5.0
23.2 -
20.8
9.4

35.1

331

65
Open
250

Mill

Disch.

33.0
66

26.1

4.4
4.3

20,8
21,6
11.5

37.4

.257

50

Filter
Disch,

62.0

0.4
2.0
20.5
21.4
12.1

43.6

.119

65

Filter
Disch,

63.0

2.3
20.6
23.0
12.1

42.0

.115

Filtrate
.(HZO)

1.0

0.0
0.0
11.1
7.4
11.1

70.4

30
Open
175

Mill

Disch.

40,0
66

35.4

5.0
3.0
14.0
23.3
14.2

40.0

.249
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EXHIBIT # 9 TEST RESULTS OF CLOSED CIRCUIT BALIMILL OPERATION

TEST NO

TIME @ SAMPLING MINUTES
TYPE OF GRINDING

COAL FEED RATE TO MILL #/hr
LOCATION (SAMPLE)

% SOLIDS

% MILL CRITICAL SPEED

MILL B P/TON OF FEED

US SIEVE ANALYSIS

WT % RETAINED

+ 16
- 16  + 40
- 40 +100
-100  +200
-200  +325

=325

MEAN PARTICLE DIAMETER (MM)

8
60

Closed

400

Mill Discharge
43

77

16.0

11.0

30.3

15.8

-1
o
N

22,2

8
60

Closed

Classifier
Overflow
13

5.4
33.3
20.7

9.1

31.5

0.168

8
60

Closed

Classifier

Underflow
68

33.8
29.0

24.8
6.2
1.4

4.8

-.COAL FEEDRATE - Does not include solids.recycled.to mill.from classifier sand discharge

60

Filter Cake

75

2.7

10.1

36.6

17.5

8.3

24.8

0.272



EXHIBIT #lOASI‘ZE DISTRIBUTION OF COAL FEEDSTOCK TO RODMILL

SIZE CUM. % PASSING
5/4" 100
5/8" 84.9
1/2" | 56.5
3/8" 49.3
1/4" 42.8

6 Mesh 30.7
8 25.3

16 15.5 |

40 . 7.6

100 4,2

200 : 2.8

325 2.3
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Scheme I (220 TPH Capacity Dry Cage Mill Svstem)
Scheme I consists of the following items:

Three (3) dry cage mills, each 50% capacity.

Six (6) mill motors.

Three (3) conveyors each 507 capacity.

Three (3) bucket elevators, each 50% capacity.
Structural steel, foundations, electrical piping,,
instrumentation, insulation and painting for above.

Pricing is based on (a) underflow from the Carbon Ash
System being recirculated directly to the slurry mix
tanks, and (b) no screening required for oversize
from the cage mills.

Total installed cost = $3,600,000.

EXHIBIT #11 ESTIMATED INVESTMENT FOR

COAL PREPARATION SYSTEM
SCHEME I, II AND III

Scheme II (290 TPH'Cavpacity Wet Ball Mill System )

Scheme II consists of the following items:

Three (3) wet ball mills, each 50% capacity.
Three (3) mill motors.

Three (3) slurry sump tanks, each 50% capacity.
Three (3) slurry sump pumps, each 50% capacity.

Two (2)
Two (2)
Two (2)
Two (2)
Two (2)
Two (2)

centrifuge each 100% capacity.

centrifuge main drive motors.

screw conveyors, each 100% capacity.

reversible belt conveyors, each 50% capacity.
bucket elevators, each 50% capacity.

belt conveyors with tripper, each 507 capacity.

Structural steel, foundations, electrical, piping
instrumentation, insulation and painting for above.

Pricing ic baged on underflow from the Carbon Ash
System being recirculated directly to the ball mills.

Total installed cost = $5,000,000.

Scheme ITY (290 TPH capacity Wet Rod Mill System)

Scheme III (290 TPH capacity Wet Rod Mill System

Three
Three
Three
Three

(3)
(3)
3)
(3)

rod mills, each 50% capacity

mill motors and gear units.

trommel screens.

slurry pump tanks each 507% capacity

Six (6). slurry sump pump each 50% capacity

Oné (1) slurry storage tank complete with agitator.

Structural steel, foundations, electrical, piping,
instrumentation, insulation and pointing for above.

Building as per sketch SK 8375-B-33 dated 2-26.79

Total installed custL - $3,800,000.
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SYNTHESIS GAS DEMONSTRATION PLANT PROGRAM
* TRADE-OFF STUDY IV

AIR QUALITY CONTROL ALTERNATIVES
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I -~ INTRODUCTION.

A. Objective

The objective of this study is to define and evaluaté alternate Air Quality
Control (AQC) Systems to determine an optimum process with respect to
capital/operating costs, reliability of operationm, technical viability,
feasibility of change to accommodate size changes which may occur during
overall plant design evolution, and general feasibility of integration with
the overall plant, This evaluation includes a review of AQC System deci-
sions incorporated into tﬁe original design as presented in the proposal.

The AQC System must also be capable of achieving applicable emission stan-

dards with respect to particulate and sulfur dioxide (802) pollutants
discharged.

B.  Scope

The scope of the study includes:

1. Review of available AQC system technologies. (For SO removal the

2
review is confined to recovery type Flue Gas Desulfurization (FGD)

processes.)

2, Application of screening criteria to identify suitable processes/
systems,
3. Development of a conceptual design based on the selected AQC systems

including description of major subsystems and interfaces with the

balance of the plant,

4. Identification of potential problem areas that may have an adverse

impact on operational and performance reliability.

5. Comparative economic analysis of the alternatives with respect to

investment and operating cost.
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The conceptual design is sized for the Commercial Unit (3500 TPD ammonia).
Applicability of the selected AQC system alternative for the Demonstration

Unit (1200 TPD ammonia) is discussed but not evaluated.

The study does not address itself specifically to the conversion of the re-
covered SO, into saleable by-products. (To be included in Trade-off

Study VI By-Product Sales Analysis.) It has been assumed for the purpose
of material balances that the final Commercial Plant by-product will be
elemental sulfur. 1In the event recovery of the sulfur is in another form
appropriate changes in the material balance for final design will be.re-
quired. The production of a by-product other than elemental sulfur is not
expected to alter the results of this study. -

The study also does not address nitrogen oxides (NOX) controi systems
since Nox control technology is related to design/operating parameterb for
the steam generator and emission limits with respect to NO, will be met

as part of the steam generator design., Selection of an AQC system is

essentially unaffected by NO, control technology.



A.

II - CONCLUSION AND RECOMMENDATION

Recommendation

For particulate removal systems four alternate methods were considered:

Wet Venturi Scrubbers , A
Combination of Multicyclonic Mechanical Dust Collectors (MDC) and Wet
Venturi Scrubbers

Electrostatic Precipitators (ESP)

Baghouses

For sulfur dioxide (SOZ)removal eleven alternate systems were con-

sidered:

On the basis of this investigation it is recommended that a 99.65 percent

Magnesia Slurry Scrubbing

Sodium Sulfite Scrubbing (Wellman-Lord)
Ammonia (clear liquor)

Citrate

Phosphate (Aqua-Claus)

Steam Stripping .

Aqueous Carbonate

Ammonia (semi-dry)

Carbon Sorption

Copper Oxide

Catalytic Oxidation

efficiency ESP/Wellman-Lord System be utilized for this project.

This recommendation is made on the following bases:

1 - Elimination of high fly~ash concentrations at the venturi
scrubber and at the fans which results in greater operating
reliability for this equipment.

2 - Ability to bypass the FGD system. ‘

3 - Overall system reliability with respect to performance and

operability.



It is recognized that in spite of the recommended system not being the most
economical it is nevertheless the preferred system. In the final design
selection a lower efficiency ESP should be considered to reduce costs
(making the ESP and MDC systems economically comparable) recognizing that
by-passing of the FGD system would no longer be feasible.

A short description of the technical and economic basis for this recommen-

dation follows.
B. - Technical

1 - Particulate Removal

The proposed system is designed to meet an emission level of .05 1b/million-

Btu with a 99.65 percent removal efficiency.

ESP'S are the first alternative considered. They are the most widely
accepted collection devices and if properly designed and maintained, are
capable of 99+ percent removal efficiency and have demonstrated a high
degree of availability. The coal characteristics point t6 the selection of

a cold-side ESP (located downstream of the air heater).

For the next alternative, approximately 60 percent of the inlet particulates
(primarily coarse) are removed in a mechanical dust collector (MDC) and the

remainder in a wet scrubber.

For either of these two alternatives, a venturi scrubber is required to
humidify the flue gas, to remove chlorides and also to remove any parti-
culates remaining in the flue gas. The venturi particulate removal is
negligible in the ESP alternative as the ESP is designed for 99.65 percent
removal efficiency to meet the New Source Performance Standards (NSPS)
emission levels. On the other hand, in phe.MDC alternative, a high effi-

ciency (99+%) venturi scrubber is needed to meet NSPS.

Baghouses are generally not acceptable in high sulfur coal applications
because potential sulfuric acid attack results in reduced bag life. Like~

wise an all "wet" system (venturi scrubbers alone) is considered
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pndesirable for it requires that the fans be located downstream of the

AQC System where they are susceptible to fouling and corrosion.

The design includes a by-pass of the Flue Gas Desulfurization (FGD)

System. There are indications that EPA may permit its use during emergency
situations when the FGD System is completely inoperable as long as the
particulate emission levels are satiéfied. Thus, the use of by-pass may be
feasible with the design which includes the 99.65 percent éfficiency ESP;
the MDC alternative or a lower efficiency ESP would preclude its use, since

particulate emission limitations would not be met.

The manner of particulate removal effects the selection of induced draft
(ID) and booster fans. The ESP arrangement permits installation of high
efficiency fans of standard construction., The MDC arrangement necessi-
tates lower efficiency and special construction fans because they must
handle relatively "dirty" flue gas. Their reliability can be expected to

be lower when compared to the fans following an ESP.

2 - Sulfur Dioxide Removal

The Wellman-Lord Process is based on the relatively simple technology of
sodium sulfite scrubbing. All its components have been well defined and
optimized to a point at which a high level of reliability with respect to
performance and operability can be expected as has been demonstrated on

installations in the US and in Japan.

The Wellman-Lord Process, developed by Davy Powergas Inc., is therefore
the alternative that meets the established selection criteria with respect

to technical feasibility and applicability on commercial sized units,

All other recovery Flue Gas Desulfurization (FGD) systems, with the excep-
tion of Magnesia Scrubbing, have not reached the stage of development that
permits a scale-up to a commercial size unit with a high degree of confi-
dence. The Magnesia Slurry Scrubbing Process, while demonstrated commer-
cially, is characterized by several yet to be resolved technical problems,

In addition, its long-term reliability has not been satisfactorily proven.



For these reasons, the risk factors with respect to Magnesia Slurry

Scrubbing are deemed significant at the current stage of development,

With certain modifications in the Wellman-Lord System, the overall
conceptual design is acceptable for the Demonstration Unit, Single-
effect in place of double-efffect evaporators may be the economic
choice because of less total SO, removed. A one module system may also

be feasible provided that only one boiler is used.

Coal properties are based on design conditions developed for the Comm-
ercial flant coal gasification facilities. The range of coal charac-
terics of the ultimate coal sources will influence the final design of
the AQC system for the Demonstration Plant; However, this should not
alter the conclusions regarding the type of control equipment selected

in this report.

c. Economic

1 - The investment and annual operating costs for the alternative
systems for particulate removal and sulfur dioxide removal are summarized
in the following table. Details of this analysis may be found in Section
IV of this study.



81000 (1978)
ESP/Wellman-Lord MDC/Wellman-Lord

Investment
Particulate Removal 5,340 2,155
Sulfur Dioxide Removal 19,900 7 19,900
Total 25,240 22,055
Differential 3,185 Base
Annual Operating Cost
Particulate Removal 754 483
Sulfur Dioxide Removal 5,191 5,191
Total 5,945 5,674
Differential 271 : Base

The results indicate that for particulate removal, the economics favor the
MDC approach over the high efficiency (99.65%) ESP arrangement. As mentioned
previously, the ESP system offers other advantages which increase the system
reliability and operating performance to offset the apparent economic

disadvantages.,

2, Lowering the ESP collection efficiency from 99.65 percent to 90 per-
cent results in drastic reductions in the cbst of the ESP. 1If costs are

expressed on the same basis as in (1) above, the comparative costs are as

follows:
ESP Efficiency
99,65% 90.0%
Investment, $1000 5,340 2,480
Annual Operating Cost, $1000 754, 463




Thus, at the ESP 90 percent efficiency level, the economics of the ESP and
MDC arrangements are comparable. It must be emphasized that this compara-
‘tive analysis is predicated on the assumption that a reduction in ESP effi-
ciency does not necessitate a higher pressure drop across the Wellman-Lord

venturi scrubber and concomitant increase in energy cost.

4, Escalation of costs (by 20.36 percent for all investment and opera-
ting costs except for purchased power cost which has been escalated by
27.0 percent) to year 1981 has no appreciable effect on the relative econo-

mics of the evaluated alternatives, as shown below:

$1000 (1981 Basis)

ESP & : MDC &
Wellman-Lord Wellman-Lord
Annual Operating Cost 7 188 6 859
Differential - +329 Base



III- TECHNICAL APPROACH

‘A. GENERAL

The AQC System for the Commercial Unit will be designed to remove particu-
lates and sulfur dioxide from flue gas discharged from two steam generating
units, each rated at 403 000 1b/hr steam, 1500 psig and 940 F. The high

pressure steam is used for driving various compressor turbines.

In addition to treating the boiler flue gases, the FGD system will be also
capéble of removing sulfur dioxide from the tail gases generated by the
Claus Unit. The Claus Unit flow represents approximately 4.6% of total

. flow to the FGD system.

The boilers are equipped with an economizer section and a Ljungstrom type
air preheater. Steam soot blowers are provided for the coal-fired boilers.
Each furnace is designed for balanced draft firing and is served by a full
capacity forced draft fan and two 50 percent capacity induced draft fans.
Three 50 percent capacity ball type pulverizers are provided for each
boiler, which are rated at 16.5 tons per hour. Each mill feeds three burn-
ers in the boiler. Primary air fans are used to sweep the mills for the

boiler. The boiler efficiency is estimated to be 80 percent,

The steam generating units will be fired with the same coal as is used in
the gasificaliou process. A typical analysic ie eghown in Exhibit 1. At
design conditions the total boiler coal firing rate will be approximately

65 tons per hour.

The purpose of this study is to define the alternative control technology
and to select a system that controls s0, and particulates to meet the
required emission levels. Detailed examination of the technical features
of the selected control system is presented with respect to system opera-
bility, reliability and interface constraints. The economic evaluation
represents a development of the capital and operating costs of selected:
syctems, The energy requirements are developed in conjunction with the

technical and economical evaluations.
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B. REGULATORY REQUIREMENT

‘1. General

On August 7, 1977, the President signed into law the '"Clean Air Act Amend-
ments of 1977" (CAAA). These amendments significantly strengthened the
"Clean Air Act" and have had a distinct and measurable impact on the plan-
ning, scheduling and economics associated with new facilities subject to
the provisions of the Act. Of special concern is the fact that the amended
law and the regulations which the Environmental Protection Agency (EPA) has
proposed to comply with the law include regulatory constraints such as
Prevention of Significant Deterioration (PSD) and Emission Offset. EPA now
intends that these two constraints will be applied to most sources with
potential emissions (of any pollutant regulated under the Clean Air Act) in
excess of 100 tons per year. The CAAA and the proposed regulations of EPA
also include provisions concerning emissions limitations, ground level con-

centrations, preconstruction monitoring, and stack heights.

This study considers only the emission constraints with respect to §0,
and particulates as imposed by the New Source Performance Standards (NSPS)
limitations which are essentially the minimum Best Available Control
Technology (BACT) requirements. Other constraints, which are necessarily
site specific, will have to be addressed. at a later date when site metereo-
logy and topography are established and a complete environmental evaluation
is feasible. Such evaluation will not only consider the environmental
impact of pollutants for which NSPS limitations are not eatablished (e.g.
carbon monoxide) but may also dictate controls for SO2 and particulates

that are more restrictive than NSPS in order that the emissions are in

compliance with all applicable regulatory requirements.

2. New Source Standards of Performance

The CAAA requires EPA to promulgate revised New Source Performance Stan-
dards (NSPS) for fossil fuel fired stationary sources. The revised stan-
dards of performance are to include the imposition of two specific require-

ments: (1) The establishment of allowable emission rate limitations; and
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(2) A requirement that the source achieve a specific percentage reduction

in emissions.

The draft of revised NSPS for fossil fuel fired utility boilers were circu-
lated for public comment in November, 1977; they are presented in Exhibit
2. Since the issue date, the details respecting the NSPS have been a con-
stant source of controversy and as such have been in a state of flux.

Since it is likely that the standards may be modified during the rule-
making proéeedings, the revised NSPS shown in Exhibit 2 can be used as a
guide only. Promulgation of the final standards is now expected in 4
September 1978. EPA has not proposed revised NSPS for fossil fuel fired
industrial boilers but has indicated that the industrial boiler NSPS

will generally not be more stringent than those NSPS being considered for

utility boilers,

The State of Kentucky Air Pollution Control Regulations include provisions
which limit emissions of particulates and sulfur dioxide from fossil fuel
canbustion units, For boilers with a heat input of 250 milliom Btu per
hour or greater, the limits are 0.10 pounds of particulates per million Btu
input and 1.2 pounds of sulfur dioxide per million Btu input. The Federal
NSPS for boiler emissions are more restrictive, and compliance with NSPS
for boiler emission will insure compliance with the Kentucky boiler limit-

ations.

With respect to the opacity standard, although the 10%Z requirement is in-
cluded in the revised standards, EPA may be flexible in its enforcement.
Current indications are that EPA may consider the particulate standard to
be the controlling factor. For sources which meet the particulate emission
level but exceed the opacity requirement, EPA may establish a higher opa-
city standard which corresponds to the compliance particulate emission

v

level.
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3. Prevention of Significant Deterioration (PSD)

" EPA's PSD Regulations have been adopted for the purpose of preserving the
air quality in areas in which the existing air quality is better than that
established by the National Ambient Air Quality Standards (NAAQS). The
regulations require that before construction can commence on a major faci-
lity, a PSD construction permit must be obtained. The application for this
permit must be supported by an analysis which demonstrates that the emis-
sions from the facility will not cause air pollution levels in excess of
any NAAQS and will not result in increases in air pollution levels beyond

certain increments specified in the Amended Clean Air Act.

The PSD application must also include a demonstration that the air pollu-
tion control systems proposed for the facility will use BACT. BACT is
considered to be the maximum degree of emission reduction possible with
considerations given to energy, environmental, and economic impacts.

It should be noted that BACT can never be less stringent than any appli-
cable NSPS.

Any PSD permit application submitted after August 7, 1978, must be sup-
ported by continuous air quality monitoring data collected for the purpose
of determining whether the emissions from the proposed facility will cause
pollutant concentrations in excess of the allowable PSD increments or the
NAAQS. The continuous air quality data are to be gathered for a period of
one year preceding Lhe date of the application. The CAAA also state that
monitoring periods of less than one year may be allowed if the reviewing
agency, in accordance with regulations proposed by EPA, determines that a
complete and adequate analysis can be conducted with less than a full year

of data.

Projected emissions for the proposed source as shownin Exhibit 3 indicate
that the plant will be a major source (potential emissioné greater than
100 tons/year) with respect to sulfur dioxide, particulates and NOx,
Therefore the plant is subject to the PSD regulations and the associated

BACT analycic for thess pollutants.
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4, Emission Offset Policy

" Areas which are not meeting the NAAQS have been designated as non-attain-
ment areas. Sources exceeding EPA's minimum size criteria and having the
potential to cause a significant impact upon a non-attainment area, will be
subject to the Offset Policy for those pollutants for which the area is
designated non-attainment. The Offset Policy requires that the new emis-
sion from the proposed source be '"traded off" against emissions from an
existing source at a greater than a one to one ratio, with trade-off also
resulting in a net air quality benefit for the region. An additional re-
quirement of the Offset Policy is that the proposed source must employ con-
trols which will provide for the Lowest Achievable Emission Rate (LAER) of
the non-attainment pollutants. LAER is essentially the most stringent
emission rate being required or achieved in the United States and may well

be stricter than the emission rates associated with BACT or NSPS.

5. Stack Height Limitation

Provisions of the CAAA and EPA proposed regulationms restrict the stack
height that can be used for demonstrating compliance with NAAQS and PSD .
requirements. The stack height used in atmospheric dispersion modeling
studies cannot exceed a '"Good Engineering Practice" (GEP) stack height,
necessary to avoid excessive pollutant concentrations in the vicinity of
the source due to atmospherié downwash created by nearby étructures or
terrain features. The CAAA indicates that the stack used in modeling
analyses for demonstrating compliance with the CAAA and EPA regulations

may not exceed 2-1/2 times the height of nearby structures.

C. AQC SYSTEM ALTERNATIVES

Currently the most commonly used AQC System involves the electrostatic pre-
cipitator for the removal of particulates and the limestone/lime throwaway
FGD System for the removal of sulfur oxide. The electrostatic precipitator

is considered a viable alternative for the Synthesis Gas Demonstration
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Plant Program. However, the throwaway FGD Systems have not been included
in this study because the overall concept of the Project is predicated on
‘the conversion of coal to useful products. Throwaway processes generate
mixed sulfite/sulfate salts of calcium or sodium which are of little com-
mercial value. Exclusion of throwaway processes limits the FGD selection
to processes which recover s0, in useful forms such as sulfuric acid

or elemental sulfur and regenerate the absorbent used for the removal of
0,

(required in a number of recovery processes for conversion of SO2 to

from the flue gases. The on-site availability of a reductant
elemental sulfur) is an important consideration that favors the recovery
process option. Since a reductant, in the form of Hy,s, will be available

on site, installation of a recovery FGD system is a logical approach.

1. Particulate Removal

The alternate methods of flyash removal from flue gas are as follows:

. wet venturi scrubbers (all "wet'" system)

. combination of mechanical dust collectors (MDC) and venturi

scrubbers
electrostatic precipitators (ESP)
. baghouses

Venturi scrubbers arc not commonly used for primary control of particulates

unless it is in conjunction with wet S0, removal systems. Advantages

of venturi scrubbers are their relative insensitivity to coal chemical com-
position and to variations in flue gas temperatures. Oﬁ the other hand,
the fractional collection efficiencies decrease rapidly with decreasing
particle size in the sub-micron range. Since no current theory allows
particle size distribution to be predicted for a new installation on a

wide range of coal sources, confidence in the performance capability in the
absence of pilot testing is not as high as for the alternative particulate

control methods.
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Major drawbacks inherent to "wet'" scrubbing are as follows:

t - The fans can no longer be operated dry, creating potential for cor-
rosion and imbalance. Even if located downstream of the AQC System,

fans are susceptible to fouling due to mist eliminator carryover.

- The FGD System cannot be by-passed.

- The scrubber must be protected against erosion and abrasion due to

high flyash content in the flue gas.

- The ability of scrubbers, at a reasonable pressure drop, to meet
emission levels of less than 0.05 1lb/million Btu has not been fully

demonstrated.

The operating reliability of most existing "wet'" particulate removal sys-
tems has been adversely affected due to corrosion, abrasion and plugging
problems. An acceptable level of reliability can be achieved, at an econo-
mic penalty, with the prudent selection of materials of construction and

vigorous maintenance efforts.

An alternate scheme is the combination of dry and wet particulate removal.

Approximately 60 percent of the flyash is collected dry in a multicyclonic

mechanical dust collector (MDC) and the remainder in the wet scrubber. It

lessens but not eliminates the drawbacks of an all "wet" system listed
above. The major function of the dust collector, aside from the removal
of coarse particles, is to permit locating the fans upstream of the scrub-
ber and the FGD System, allowing the higher efficiency fans and avoiding

the corrosion potential associated with downstream location.

Electrostatic precipitators (ESP) are the most commonly used devices for
high efficiency removal of particulates from the combustion gases of coal-
fired steam generators. The size of the ESP, and hence the cost required
to meet a given level of emission control, varies with the characteristics

of the coal ash, Ash resistivity is a major factor affecting the ESP size.
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Larger ESP systems are needed as the resistivity of flyash increases and
the levels of emission control are reduced. One of the key variables af-
'fecting the resistivity of flyash is the sulfur content in the flue gas.
Flue gas with low sulfur oxide concentrations has a high flyash resistivity
in the 250-350 F temperature range (typical temperatures of the gas exiting
the air heater). However, the same flyash when subjected to an electro-
static precipitation field in the 600-750 F range undergoes a major de-
crease in resistivity. Therefore, high resistivity flyash (low sulfur
coal) is normally easier to precipitate in a hot-side ESP, located on the
hot side of the air heater, while low resistivity flyash (high sulfur cpal)
favors the installation of the ESP downst;eam of the air heater (cold-side
ESP). Wherever the precipitation characteristics do not require a hot side

ESP, a cold-side ESP is generally an economic choice.

Baghouses have been applied extensively to various industrial processes,
but until recently represent the least applied particulate removal device
for coal-fired boilers. The renewed interest in baghouses has been brought
about by the more stringent emission regulations requiring 99.9 + percent
removal efficiency in some applications., Since a baghouse is capable of
such high removal efficiencies at a minimal increase in capital investment
(unlike ESP where costs increase substantially with efficiency), baghouses
have been penetrating the precipitator market in recent years. This pene-
tration has been almost exclusively in high resistivity ash (low sulfur)
applications where ESP is no longer competitive due to very large Specific

Collection Area (SCA) requirements.

On the other hand, the need for baghouses in much less pronounced in high

" sulfur (above 3%) coal applications because the collection of low-resisti-
vity flyash from these coals dues not require SCA's in excess of 550-600-
the range below which the economics generally favor a cold-side ESP over a
baghouse. Nearly all currently operating baghouses have been designed for
coal sulfur lévels of 1 percent or less with only pilot plant data avail-
able on the impact of operation at higher sulfur levels. The major concern
has been the durability of fabric filters. Under some operating condi-
tions, particularly at low loads, the flue gas temperature can easily ap-

proach the acid dewpoint at which the fabric filters are exposed to the
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corrosive attack of sulfuric acid. The necessity to remove and replace

the bags on a periodic basis, and its concomitant negative economic impact,
has been one of the major drawbacks of baghouses. A two year bag life ap-
pears to be a reasonable assumption considering the current state-of-the- .
art of the fabric technology. Fiberglass bags have been used on most coal-
fired boilers.

In the installation under study, it is projected that coal sulfur level
will not be less than 2.5 percent and will be in excess of 3 percent at
design conditions. In the absence of operating experience of baghouses
on coal-fired boilers at such high sulfur levels, it is not prudent to
consider baghouses as a viable particulate control technology for this
application. The exclusion of baghouses can be further justified on
economic grounds as discussed in Section IV where it is shown that the
economics in temms of operating costs favor a cold-side ESP over a bag-
house. It must be emphasized that these conclusions are predicated on
current technologies and the relative merits of baghouses and precipita-
tors may be subject to future reevaluation based on developments in

fabric technology pointing to a longer bag life.

0f the options available, the cold-side ESP and the combination of mechani-

cal dust collector/venturi scrubber are considered viable alternatives and

are examined in more detail in Section III-E,

2. 802 Removal - FGD Systems

As previously indicated, the throwaway FGD processes are not being con-

sidered as alternatives for SO, control in this project because of the

expressed intent to recover suifur in the form of saleable by-products.
Exclusion of throwaway processes, which are the more widely accepted and
technically developed S0, control systems, narrows the list of alter-
natives to recovery process. A large number of FGD recovery processes
are currently at various stages of development ranging from laboratory to

full commercial sized facilities.
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Several of the more important recovery processes are listed in Exhibit 4,
These processes are broken down into a number of logical categories. The
‘first level of categorization is whether the process operates wet or dry
or, recently, semi-dry.- This distinction provides some indication of the
characteristics of the technology employed. Wet technology usually implies
that the dirty flue gas is contacted with a large and generally recircu-
lated flow of absorbent which absorbs the SO2 and cools the gas by evapo-
ration of water to a temperature slightly above the water dew point., It is
the usual practice to reheat the saturated flue gas prior to its discharge
into the stack. Wet technology implies materials handling by pumping, low
temperature operation and corrosion/materials of construction as major pro-

blem areas.

Dry technology usually implies high temperature operation, materials handling
by mechanical or pneumatic conveying and abrasion/erosion rather than corrosion
as the major areas of concern, Dry processes have an advantage in not
requiring stack gas reheat because the flue gas is not contacted by water.

The recently introduced semi-dry technology involves contacting the flue

gas by small quantities of aqueous absorbent in a spray dryer followed by

dry collection in a baghouse or ESP of both the SO, reaction products and

2
the particulates. In this case, the absorbent is dried, the flue gas is

only partially cooled, and reheat can generally be avoided.

The second distinction, which applies only to wet technology, is whether
the absorbent liquid contacting the flue gas is a slurry or a clear liquor.
The use of slurries generally implies abrasion, deposition and scaling as

additional operating problems.

Finally, the third classification refers to the suitability of the process

to produce either sulfur or sulfuric acid or both.

With this philosophy of classification, eleven recovery FGD processes have
been listed in Exhibit 4, Although the status is not indicated, essen~
tially all have progressed to the 1 MW equivalent pilot plant size and have

been reported in the open literature,
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In order to reasonably address the large number of possible technology al-
ternatives, it is necessary to establish a logical set of selection cri-
teria which can be applied as a screening procedure to identify that tech-

ology considered suitable for this application. The selection criteria and

sequence of application are listed below:

Process Development Status

a) Successful operation of 100 MW equivalent size class
b) Existence of qualified supplier

Process Capabilities and Requirements

a) Emission level performance capability
b) Environmental acceptability of process waste products
c¢) Acceptable interface with the balance of the plant

Technical and Economic Feasibility

a) Technical feasibility
b) Economics of investment and operation

c) Energy requirements

The application of the first selection criteria (Process Development
Status) implies demonstrated capability to engineer and design equipment in
a modular size range typical of commercial sized equipment without undue
scale-up. Only two processes, Wellman-Lord and Magnesia Slurry can be

categorized as having been applied commercially.

The Wellman-Lord process is a first-generation recovery FGD process which
has been applied in this country and in Japan for S0, removal from Claus
and sulfuric acid plant tail gases and from oil-fired power plant flue
gases since the early seventies. The most recent installation, and the
most significant for this study, is the 115 MW unit at Northern Indiana
Public Service Company's (NIPSCO) Dean H Mitchell Station. It represents
the first coal-fired application; after having successfully completed

a short-term performance test, it is currently undergoing a comprehensive
one year demonstration program. In addition, several Wellman-Lord systems

are now under construction or in design stages: three at Public Service Company



of New Mexico's San Juan Station (1715 MW total); one system at the 55
MW unit at Getty Refining Co's Delaware City coal-fired boiler; and one

system at a unit treating 250 000 ACFM of flue gas from ARCO Polymer Co's

coal-fired industrial boiler.

The Magnesia (Mg0O) Slurry Scrubbing Process is also a first-generation recovery
FGD process. SO0, removal is‘achieved.by scrubbing with an aqueous solu-

tion of MgO to produce a by-product slurry of magnesium sulfite which is
concentrated, dried and shipped to a reprocessing plant for regeneration.
‘Magnesium sulfite, along with coke for reduction of any magnesium sulfate,

is calcined in a rotary kiln to produce SO, gas as feedstock to a sul-

2
furic acid plant with the regenerated MgO returned to the absorption system

for reuse.

The Chemico version of the Mg0O Process operated intermittently as a 150 MW
prototype on Boston Edison's Mystic No. 6 Unit from 1972 to 1974 for about
3000 operating hours. Primary problems were of a material handling na-
ture. Operating time was judged insufficient to develop reliable data on
regeneration and transportation losses of reagent. The project was term-
inated in 1974. The process has also been tested at Potomac Electric
Power Companyfs 95 MW Dickerson No. 3 Unit., Operating proBlems were com-

parable to those experienced by Boston Edison.

The United Engineers' version of the MgO process has been intermittently
tested at Philadelphia Electric 120 MW Eddystone Station ffom 1974 to pre-
sent. The test runs have experienced a multitude of problems of mechanical
and chemical nature. Pending results of further operating experience,
Philadelphia Electric intends to install an additional 500 MW capacity at
the Eddystone and Cromby Statioms.

There are three MgO process installations in Japan, none of which operate

solely on boiler flue gas, and for which specific operating data have not

been published.
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Two processes, Carbon Sorption and Copper Oxide, have been operated on a
prototype size scale (20-40 MW) for limited time periods. Their technical

viability and scale-up capability have not been fully demonstrated.

The Citrate and Aqueous Carbonate Processes have undergone extensive pilot
plant development but the integration of the various subprocesses has

not been demonstrated at this time. A complete integration of the Citrate
Process is going to be performed for the first time at St Joe Minerals
Corp's 60 MW G F Weaton coal-fired electric generation station now under
construction, Also, a program is now underway to integrate the Aqueous
Carbonate Process on a 100 MW unit at the Niagara Mohawk Power Corp's

Huntley Station with operating and testing due to begin in 1980.

All other FGD recovery processes are essentially confined to pilot plant
stage development (up to 5 MW capacity). Design and operating data for
these processes are not judged adequate for scale-up to a commercially-
sized unit. Operation of prototype units is imperative in order to verify

their technical viability,

It is apparent from the preceding analysis that the application of the
process developmental status selection criteria reduces the list of FGD re-
éovery process alternatives to two: the Wellman~Lord and the Magnesia
Slurry Scrubbing Processes. A more rigorous application of this criterion,
namely the successful operation of a 100 MW equivalent size unit, raises
serious doubts as to the viability of the magnesia process at its current
level of technical development. According to the study prepared by Radian
Corporation for the Electric Power Research Institute (Evaluation of Rege-
nerable Flue Gas Desul furization Processes, January 1977), the magnesia
slurry scrubbing process "still faces many problems both of a chemical and
equipment nature. Thus far process operations have been aimed more at get-
ting the process to run after it has been built rather than developing the
basic chemical kinetic data which might help understanding the process".
The Radian study further suggests that more investigation be carried out in
the recovery section of the process with respect to equipment design, pre-
cipitation characteristics of Mgs04 hydrates and dissolution rates of re-

covered MgO. The low reliability of the U S installations suggests that
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the magnesia scrubbing process needs improvements before it can be applied

on new units requiring a high degree of reliability.

On this basis, it is felt that the Magnesia Slurry Scrubbing be excluded

from further consideration, leaving the Wellman-Lord Process as the only

viable alternative,

D. WELLMAN-LORD PROCESS

In the preceding section it was established that the Wellman-Lord tech-
nology is the only recovery FGD process that has been adequately demon-
strated on a commercial scale. This section presents the salient features
of the Wellman-Lord Process, and its acceptability in terms of the estab-

lished technical selection criteria and envirommental constraints,
The information presented herein is based on data furnished by the devel-
oper of the Wellman-Lord Process, Davy Powergas Inc, and on data available

from open literature.

1. Process Description

The Wellman-Lord Process is based on the aqueous absorption of SO2 by
sodium sulfite to form sodium bisulfite. The scrubbing liquor is thermally
regenerated to produce an SO2 rich stream which can be converted into
sulfuric acid or elemental sulfur. The regenerated absorbent is returned
to the absorber. Sodium sulfate produced by oxidation in the absorption
process must be purged from the system. A solution of soda ash must be
added into the system to replenish sodium losses resulting from the purge

of sodium sulfate.

The process consists of four basic functional subsystems: gas pretreat-

ment, S0, removal, purge treatment, and absorbent/802 recovery.
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Gas Pretreatment

This subsystem serves two basic functions: to humidify the inlet flue gas
and to effect particulate and chloride removal. The level of partitulaté
removal depends on the type of particulate removal equipment that precedes
the FGD system. A venturi-type prescrubber effects both the humidification
and solid removal functions, Continuous purge from the prescrubber re-
circulating loop is required to maintain desired suSpende& and dissolved

solids levels. This bleedstream is then routed to the waste disposal pond.

502 Removal

Humidified gas (at approximately 130 F) enters the absorption tower where
it is contacted with the recirculating sodium sulfite-bisulfite solution to.

effect the required 502 removal,

The principal reaction in the absorber is between 802 in the flue gés and

sodium sulfite in the absorbing solution:
592 + Na2803+ HZO-——§2N8HSO3-
The bisulfite anion HS0, is found only in solution. When water is re-

moved from the sodium bisulfite solution, a solid sodium pyrosulfite

(NaZSZOS) is formed:

2 ﬂaHSOB )Nazszo5 + H20

Some oxidation of the sodium sulfite occurs by oxygen in the flue gas and

by absorption of 504 from the flue gas:

Na, 80, + 1/2 0, — Na,50,
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The sodium sulfate (Nay$0,) must be removed from the absorbing solution

in.the purge treatment area.

The cleaned gas passes through a mist eliminator and is reheated prior to

being discharged to the atmosphere.

Purge Treatment

The spent absorbing solution leaving the absorber is split into two

streams: the main stream is pumped to the evaporators for SO, recovery

while a slip stream is directed to the high temperature purgezcrystallizer
for removal of sodium sulfate by-product. In the purge crystallizer, the
solution is heated in a shell and tube exchanger by condensing low-pressure
steam. An internal liquid solid separation chamber is incorporated in the
design in order to maintain a relatively high solids content in the slurry
product. The slurry is fed into a centrifuge where most of the remaining
liquor is removed and the resultant cake is dried by steam in a rotary type
dryer. The crystalline product, a mixture of sodium sulfite, sodium sul-
fate and small amounts of sodium thiosulfate and sodium pyrosulfate, is
pneumatically conveyed to the sulfate purge bin for storage. The mother
liquor overflow from the purge crystallizer and the centrifuge liquor is
recycled to the absorber product liquor stream entering the evapofator
loop. Vent gases from the dryer are passed through an eductor-type vent
gas scrubber to remove any remaining S0, and dust particulate before dis-

charging to atmosphere or to the inlet flue gas stream.

Absorbent SO2 Recovery

Regeneration and 802 recovery involves a simple reversal of the absorp-

tion reaction by addition of heat:
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However, higher temperatures also increase the formation of sodium thio-

sulfate by a disproportionation reaction:

6 NaHSO, e
3 2 N32804 + N32$203 + 2 SO2 + 3 H20

These regeneration reactions occur in the double effect evaporator. In the
first effect, the rich absorbing solution is heated in a shell and tube ex-
changer by condensing low-pressure steam. In the second effect, the
solution is heated by condensing overhead vapors from the first effect
evapofator and from the purge crystallizer. 1In the evaporators, which

0 vapors are released while

operate under a vacuum, SO, and H

2 2
N82803 crystals precipitate from the solution., The slurry product from

each evaporator is discharged by gravity to the dissolving tank. Overhead

SO2 and H,0 vapors from the evaporators are subjected to partial con-

densation to remove most of the water and thus concentrate the SOZ' The

2 The

stripped condensate is returned to the dissolving tank to redissolve the

condensate flows to the stripper for removal of dissolved SO

N82803 crystals and dissolve the make-up sodium carbonate. Soda ash in
the dissolving tank reacts with sodium bisulfite to form additional sodium

sulfite:

..
N32CO3 + 2 NaHSO3———'2 N32503 + HZO + CO2

The combined regenerated solution from the dissolving tank provides absor-

ber feed.

The 502 exiting from the condensers is compressed and cooled by a rotat-
ing liquid ring compressor. The resultant gas—liquid mixture flows to the
knock-out drum where the two phases separate, The SO, rich (96.5% SO

2
and 3.5% H,0) gas is then available for conversion to the desired by-
product.

2
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2, Process Capabilities

In general, the Wellman-Lord process is quite simple and consists of
. unit operations which are understood. It has been operated success-
fully on different S0, sources and modifications are still being made

(primarily in the purge treatment area of the process).

Sulfur dioxide removal efficiencies in exceess of 90 percent have been
achieved with all the operating Wellman-Lord FGD Systems. Removal effici-
encies in excess of 98 percent have been reported at units installed in
Japan; they have exceeded 97 percent at sulfuric acid and Claus units in
;he U S and 90 percent at the acceptance trials completed at NIPSCO;s

D H Mitchell Station.

The process is capable of achieving high 802 removal levels due to the
relatively high (as compared to calcium scrubbing e.g.,) affinity of sodium
to absorb SO2 and by varying the number of absorption stages used in the

= absorber, Like other clear liquor scrubbing processes, the absorption ef-
efficiency is not limited by the slow dissolution of thé absorbent and does
not require high L/G's (Liquid to Gas ratios)that are characteristic of

lime/limestone slurry scrubbing.

As the absorber does not recirculate slurry and prescrubber recirculating
slurry operates as a separate loop, scaling in the s0, absorber has not
been reportcd as a problew iu any Wellman-Lord installation. Scale-free

operation enhances the reliability of the absorption system,

An important consideration in adapting the Wellman-Lord process to coal-
fired plants is the removal of particulate matter and chlorides ahead of
the absorber. Primary removal of flyash is generally provided by an ESP or
by & venturi or Liay type prescrubber. Regardless of what type of primary
~removal equipment is used, a prescrubber }s always required to humidify and
cool the flue gas and also to remove chlorides that cannot be tolerated in
downstream processing. In a well designed prescrubber, 99+percent of the
chlorides are removed. Ae a result of low pH (1-2) condirions, the pre-

scrubber must be constructed of acid-resistant material,
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The design area of major concern is the oxidation of the sodium sulfite to
the unreactive sodium sulfate. Its formation requires a purge from the
absorber to maintain the level of reactive sodium sulfite and to reduce the
possibility of fouling of evaporator surfaces. The sulfate purge can amount
to 5 to 10 percent of total sulfur removed which .means higher make—up costs
and need to dispose of relative?y large quantities of sodium sulfate
by-product. Attempts to reduce oxidation by means of organic antioxidants
have been abandoned because of high cost. Selective removal of sodium sul-
fate by chilled-wall crystallizers has been moré successful, resulting in a
five to six-fold decrease in the purge stream. This purge treatment has
been employed in all recent Wellman-Lord installations including NIPSCd.
The latest development (proposed for this project) involves the use of
high-temperature purge crystallizers with the purpose of reducing energy
requirements. This represents the only subsystem that has not been proved

on commercial scale at this time.

14
Despite design improvements, the recovery area of the Wellman-Lord process
remains a major consumer of energy as significant amounts of steam are re-
quired in the evaporators and SO, strippers. The evaporators may be

either a single or double effect type, the amount of SO, removed being

2
the governing factor affecting the choice,.

Water make-up is required to replenish water losses due to evaporation in
the prescrubber, loss in the product S0,, drying of purged solids and
prescrubber blowdown., ‘The only solid waste effluents are prescrubber blow-
down (primarily flyssh) and the sodium sulfate purge. The latter has only
limited commercial value although the sodium sulfate purge solids have been
reported to be acceptable for paper industry consumption. Some adverse
envirommental impacts could be caused by dust emisisons from the dryer in
the purge treatment area. However, a properly designed vent scrubber on
the dryer should reduce this emission source to an insignificant level or,
it can be eliminated entirely if the vent scrubber gases are recycled to

the inlet flue gas stream.
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Turndown (capability of operating at lower than design load) of the Well-
man-Lord absorbers is estimated at 50 percent which is relatively high.
Lower turndowns (to 30 percent) are feasible but.only at the expense of

pressure drop across the system.
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Space requirements for the equipment are comparable to those for other
regenerable FGD Systems. However, only the 802 removal equipment (pre-
scrubbers and absorbers) need be near the boiler area while the remainder
of the system can be situated at some other location without any major

capital or operating cost increase,

The Wellman-Lord process can be easily adapted to treat tail gases from the
Claus Unit together with the main boiler flue gas. The feasibility has
been demonstrated at NIPSCO where the Claus tail. gases from the Allied
Chemical sulfur recovery plant are fed into the boiler flue gas ahead of

the prescrubber for SO

2 removal .
In the proposed installation, waste steam from the various sources of the
- gasification process can be interfaced advantageously with the steam re-

quirements of the Wellman-Lord process.

In summary, the Wellman-Lord process is a viable FGD alternative in terms

of So2 removal capabilities and overall technical feasibility.

E. . AQC SYSTEM CONCEPTUAL DESIGN

The AQC System design presented in this Section includes a cold side ESP
for particulate removal and the Wellman-Lord FGD System for SO2 removal.
Alternate particulate removal by means of a mechanical dust collector is
also described. The design is conceptual, and although representing a
workable system, it by no means reflects the optimal system with respect

to equipment configuration/sizing, process material flow and energy utili-
zation. Design information on the Wellman-Lord process was obtained from
its developer, Davy Powergas Inc, and was suppplemented, as required, by
data available from literature sources. It must be recognized that much of
the detailed design information including internal material flows and .
equipment sizing optimization, is proprietary to Davy Powergas and will not
be generally available until the project advances beyond the conceptual

stage and more comprehensive specifications are issued.

With regard to environmental requirements, the conceptual design is based
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on the best available information. However, as indicated in Section
IIT. - B further analyses will be required which may cause design modifi-

cations including changes in removal efficiency.

1. System Description

Flue Gas Circuit

The AQC System for each steam generator consists of one (1) electrostatic
precipitator, one (1) booster ID fan, and one (1) FGD train. One regenera-
tion facility common to the two FGD trains is provided. The rationale for
providing one train for each steam generator is predicated on reli- |
ability considerations: if any AQC System component of the train becomes
inoperative, it will still be possible to treat at least 50 percent of the

total flue gas flow.

As shown in Exhibit 5 the modular concept is applied also to the entire

flue gas circuit as each steam generator is drafted by means of a separate
set of ID fans, This arrangement is not only a logical consequence of fur-
nishing two 50 percent steam generators but also consistent with the estab-
lished design principle strongly favoring an independent drafting mechanism

per steam generator,

The flue gas from each air heater is directed to a cold side ESP where
99,65 percent of the flyash is removed. After leaving the ESP, the flue
gas flows through two parallel ID fans which draft the steam generator, the
air heater and the ESP. A booster ID fan then delivers the flue gas into
the FGD System and thence to the stack. A crossovef plenﬁm between the two
trains is provided at the booster fan inlet permitting treatment of flue
gas from either steam generator in one FGD train in the event the other
train is inoperative. The tail gas from the Claus Unit is introduced into

the flue gas stream at the booster fan inlet,
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Upon leaving the Wellman-Lord absorber and prior to discharge into the at-
mosphere the saturated flue gas stream is reheated to 170 F in a mixing

chamber by introducing heated air into the wet gas.

The ductwork is arranged to permit any or all of the flue gas to by-pass
the FGD System and flow directly to the stack. The by-pass is intended for
emergency purposes only. Its inclusion in the design is contingent upon

future governmental regulations that may prohibit the usage of by-pass.
For the alternate particulate removal using a mechanical dust collector,
the system configuration is identical, except that the ESP is replaced

with a mechanical dust collector in each flue gas train.

Reagent/SO2 Recovery and Purge Treatment

This portion of the system has already been described in Section

III-D and is shown schematically in Exhibit 6

Conceptual layout of the AQC System equipment is shown on the plot plan in
Exhibit 7. '

2. Design Assumptions

The equipment is designed to treat the flue gases discharged from the
two steam generators operating at 115 percent of MCR (MCR is defined as
maximum continuous rating conditions of the steam generators) and fired
with coal having the properties as shown in Exhibit 1. In calculating
the composition of the flue gas entering the AQC System (Exhibit 1), 20

percent excess air and 10 percent air heater in-leakage were assumed.

The composition and flow rates of the incinerated Claus tail gas are shown

in Exhibit 8.

Inlet SO2 concentration was calculated on the assumption that 100 percent

of the coal sulfur (Design Coal) is converted to S0,. In calculating the
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"inlet particulate loading it was assumed that 85 percent of the coal ash
(Design Coal) is emitted as flyash while 15 percent is collected as bottom

ash,
The inlet design parameters can be summarized as follows:

Per Train Total
(2 boilers)

1. Flue Gas to AQC System*
(at air heater exit) .
pounds/hour 833 500 1 667 000
SCFM** 177 700 355 400
ACFM @300F and -13 in WG 268 300 536 600
S0,> pounds/hr 4 415 8 830
ppm by vol dry 3 070. 3 070
Particulate, pounds/ﬁr 9 495 ‘ 18 990
grains/SCF dry 7.55 7.55
2. Claus Tail Gas (incinerated) A
pounds/hr 34 800 69 600
SCFMF* 6 900 13 810
80,. pounds/hr 948 | 1 895
ppe by vol dry 8 625 17 250

* Includes 15 percent margin over MCR conditions

*% SCFM = Standard Cubic Foot per Minute at 60 F and 408 inches WG.
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3. Particulate Removal

The design inlet particulate loading is 7.55 grains/Standard Cubic Foot
(gns/SCF) dry equivalent to 14.45 lbs/million Btu. As described in
Section III-B the emission levels that this instéllation will have to

meet are not fully defined since applicable New Source Performance
Standards (NSPS) have not been promulgated by EPA. Of the two parti-
culate standards that EPA is currently considering, 0.03 .and 0.05
1b/million Btu, the latter has been selected for the purpose of this study.
In the event the lower‘standard becomes applicable, either of the two .
particulate removal systems discussed in this section could be used - how-
.ever, their investment and operating costs would be higher. To achieve
0.05 1b/million Btu emission level, 99.65 percent overall removal emission

is required assuming the above inlet particulate loading.

Two alternate removal systems will be considered: cold-side ESP and

MDC/Venturi Scrubber combination.

Two ESP's are included, one per flue gas train., Each precipitator has a
Specific Collection Area (SCA) of 499 Ft2/1000 ACFM, surface collection
area of 133,900 th and is capable of achieving the desired removal
efficiency of 99.65 percent with 10 percent of the electrical bus sections
out of service. For the purpose of this study, the discharge electrodes
are based on the weighted wire design; the rigid frame design is equally

suitable and may be considered in the final design.

It should be noted that the ESP is designed to meet the expected NSPS with
no additional particulate removal required in the downstream prescrubber.
Justification for this conservative approach is that the particulate-free
flue gas may be vented through the emergency by-pass in the event the FGD
system is not operational (provided that a variance can be obtained for
short time periods). Generally, a very high efficiency ESP permits a low
pressure drop downstream prescrubber with the resulting lower energy re-
quirement to drive the booster ID fans. 1In this application however, the

reductivn in energy is not indicated for reasons discussed later.
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If the requirement to meet the NSPS emission level by the ESP alone is
waived, the ESP can be undersized. For example, lowering the removal ef-
ficiency to 99 percent, the size of the ESP is reduced by 17 percent (416
SCA); for 90 percent efficiency, the size can be reduced by 64 percent (180

SCA). Impact on investment of such reductions is discussed in Section IV,

Mechanical dust collectors (MDC) are not capable of particulate removal ef-
ficiency to meet NSPS because they are extremely ineffective in removing
particulate less than 10 microns., In the 10+ micron size, removal effi-
ciencies of 95 percent are féasible with a pressure drop of 3 inches W G.
Typically, flyash from a pulverized coal-fired boiler averages 44 percent
less than 10 microns. Thus, in the proposed alternative the MDC is ex-
pected to remove the bulk of the coarse particles, with the remainder be-
ing collected in the prescrubber. The mechanical dust collector removal
efficiency of 60 percent was assumed (3 inches W G pressure drop) giving an
inlet loading of 3 gns/SCF dry to the prescrubber. Verification of these
assumptions will be required once a definitive flyash particle size

distribution becomes available.

Using the MDC a 99.23 percent removal efficiency in the prescrubber is
needed to meet the required overall system emission level of 0.023 gns/
/SCF dry (0.05 1b/million Btu). Davy Powergas have indicated that a 12
inch W G pressure drop across the prescrubber is needed to remove chlo-
rides from the flue gas and that no additional pressure drop is required
to reduce the particulates to the 0.023 gns/SCF dry level. This seems to
be a somewhat optimistic assumption considering the predominance of small,
difficult to remove particles in the flyash entering the prescrubber.
Based on Ebasco's experience, a pressure drop in the range of 15-18 in, W G
would be a more realistic estimate. However for the purpose of this con-
ceptual design and in the absence of better information as to the charac-

teristics of the flyash, the lower pressure drop, as proposed by Davy

Powergas, will be used.

The use of MDC requires that ID fans and booster fans be of special con-
struction to permit processing flue gas having relatively high particulate

concentration. Compared to fans handling very clean flue gas (if ESP
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is used), the fans following the MDC's will be less efficient and will
require frequent replacement of liners due to the errosive effect of fly-

ash. In general, their overall operating reliability can be expected to

be poorer,

Major design parameters of the two alternate particulate removal systems

are presented in Exhibit 9.

4, SO2 Removal

The required SO, removal applicable to this installation is likewise con-

tingent on the final promulgation of NSPS by EPA and the results of a site

specific envirommental evaluation. SO2 removal efficiency of 90 percent

is assumed in this study.

The total SO2 content in th flue gas entering the FGD system is as

follows:
In Boiler Flue Gas: 8 830 1lbs/hr (6.72 1lbs/million Btu)
In Claus Tail Gas: 1 895 1lbs/hr
Total 10 725 1bs/hr

Considering the emissions in the boiler flue gas only, ninety percent re-

moval efficiency will result in SO, emission level of 0.67 1lbs/million

2
Btu - approximately 44 percent below the current maximum allowable NSPS

limit of 1.2 lbs/million Btu.

To achieve the required 802 reduction Davy Powergas proposes a 3 - stage
absorption system. The flue gas from the prescrubber flows upward and is
contacted with the recirculating absorbing solution at each stage which in
the proposed design is a valve tray. Each tray is individually recirculat-
ed to maintain adequate flow for good hydraulic characteristics and suffi-
ciently large L/G ratio (est 1.7 gpm/1000 ACFM) for efficent mass transfer.
‘The solution on the bottom tray overflows into the bottom section of the
absorber and thence pumped to the absorber product surge tank, The top

stage (tray) is fed with the regenerated solution which is pumped from the
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absorber feed surge tank. The absorber is a concrete tiled tower (20 ft by

20 £t and 60 ft high) with the trays constructed of 316 stainless steel.

As previously indicated, the Wellman-Lord process is capable of SO2 re-

moval efficiency in excess of 90 percent with only moderate impact on capi-
tal cost.

The pressure drop across each absorption stage is 3 inches W G and across
the entire absorption system including the mist eliminator and ductwork is

estimated at 15 inches W G.

' Major equipment proposed for the Wellman-Lord Process is listed in Exhibit
" 10.

5. Reheat of Scrubber Flue Gases

When a wet scrubber is inserted between the air heater and stack, the flue
gas exiting the scrubber is humidified and cooled to its saturation tem
perature. Discharge of the wet gas to the stack produces water condensa-
tion and corrosion in downstream equipment and impaired stack plume rise
due to lower gas buoyancy. To correct these undesirable aspects of wet
.scrubbing, the treated flue gas is normally reheated to a temperature above
its dewpoint. However, there is significant economic penalty associated
with gas reheat, particularly in termms of high energy requirements. For
this reason and also since the function and level of reheat are not clearly
defined alternate approaches other than reheating are being currently
considered. Most prominent of these alternatives is no reheat at all,

that is, operating under wet stack conditions which necessitate specific
consideration as to the stack design (low velocity stack) and the selection
of corrosion resistant duct lining materials. A non-reheat alternative
could be considered for the proposed design as additional experience is
gained on FGD installations based on this design., However, for the purpose
.of this conceptual design, flue gas reheat is being proposed with the

understanding that it may be modified in the final design.
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Flue gas can be reheated in several ways. Reheat methods currently in use

inciude:
1. Direct in-line reheat - using steam or hot water heat exchangers.
2. Direct combustion reheat - using gas or oil in either in-line bur-

ners or external combustion chambers.

3. Indirect hot air reheat - using steam to heat air to mix with the
wet gas.
4, Bypass reheat - bypassing a portion of the untreated hot flue gas to

mix with the treated gas. (This method is not applicable on high
sulfur coals when 90 percent removal is required because bypass is

not feasible).

The indirect hot air reheat method has been selected for this design, des-—
-pite its recognized higher energy requirements as compared to the other re-
heat methods, because of its demonstrated reliability. In this method, the
heat transfer surfaces are not exposed to the saturated flue gas stream
which has been a major ocource of nperating problems (tube corrosion and

. solids build-up) on instaliations using direct in-line reheaters. The ma-
jor problems with direct combustion reheat have been attributed to failures
due to vibration fatigue and flame instability. Another disadvantage is

the need for auxiliary fuels which eould be in short supply.

In the selected reheat method, ambient air is reheated to 300 F through
condensing steam in a heat exchanger which is then injected into the flue
gas in a mixing chamber raising the temperature to 170 F. (approximately
40 F above the flue gas dew point which is consistent with the level of re-
~ heat curreﬁtly advocated by EPA and‘characteristic of reheat systems now in
operation).‘ Because the heat exchanger is outside the wet flue gas duct,
corrésion and fouling problems are virtually eliminated. However, as a
result of external reheat; the energy requirement is more than doubled as

compared to the direct in-line reheat method, and the diameter of the
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stack is increased to accommodate the additional hot air flow. The hot.

air injection reheat system is shown schematically in Exhibit 5.

6. Stack Design

The reheated flue gases from each FGD train recombine and enter the stack
through a common breeching. This conceptual design assumes a high-velocity
stack (exit gas velocity of 90 Ft/sec) and one flue liner (11.4 Ft in dia-
meter)'designed for a gas flow of 548,000 ACFM @ 170 F and 1 in. W G. Ad-
ditional entry is provided for the emergency bypass. The flue liner is of
steel construction and coated with a suitable corrosion resistant material
to provide protection against potential acid attack., In view of the re-
cently reported failures of acid-resistant coatings, particularly at tempe-
ratures above 200 F, it is suggested that alternate materials, such as acid
~ brick lining, be considered in the final stack design. Also, a quench sys-
tem may be necessary to cool the flue gas during high temperature excur-
sions (above 200 F). For the purpose of this conceptual design, a stack

height of 300 Ft. was assumed.

- 7. Overall Material Balance

‘

Major flows entering and leaving the AQC System are shown schematically in
Exhibit 11 and further described in Exhibit 12%*, Material balances were
performed using the design parameters defined earlier in this Section and
on the data furnished by Davy Powergas. Inlet flue gas flow rates were
established on the assumption that the steam generators are operating at

MCR conditions (no design margins applied).

* For sake of clarity, only the ESP alternative flows are shown.
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‘The AQC System yields five major streams leaving the system: SO2 product ,
sodium sulfate purge, prescrubber flyash/chloride purge, flyash collected

in ESP/MDC and treated flue gas.

On the basis of 90 percent S0, removal in the Wellman-Lord Process,
approximately 86 percent of the inlet sulfur is converted to the useful
302 product and about 4 percent is lost as a result of the sodium sulfate

purge. In order to replenish this loss, 660 lbs/hr of Na, CO3 must be

added into the system as make-up.

Another importanﬁ make-up stream is water which must be added to replenish
evaporative loss in the prescrubber, the prescrubber flyash/chloride purge,
and the water leaving the system with the 80, product stream. The fol-

lowing fresh water makeup is indicated:

Fresh Water Make-up, gpm

Evaporative Loss 142

Prescrubber Purge 63%*

302 Product 1
Make-up 206

Additional water may be required tn provide flush water for pump seals in
the Wellman-Lord Process. On the other hand, the total fresh water make-up
may be reduced in the final design, if the water in the prescrubber purge
is recycled from the waste disposal pond back to the system. The feasibi-
lity of the recycle will be contingent on the overall water management (now
being evaluated by Ebasco) of the waste disposal pond that would yield an
acceptable water quality in the recycle stream with reépect to dissolved

solids, particularly the chlorides.

*% Prescrubber purge would be increased to 286 gpm for the

MDC/prescrubber alternative due to higher amounts of fly ash removed.
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8. Energy Requirements

The following energy requirements have been considered:
- Energy needed to drive the ID fans and the booster fans.

-~ Energy associated with the operation of the particulate removal

equipment, and the Wellman-Lord Process.
- Energy required to reheat the treated flue gas.

The ID fans draft the boilers, air heaters and the particulate removal
equipment. For the ESP alternative which has an overall pressure drop of
'14 in. WG, the electric power requirements for the ID fans are estimated
to be 880 kW. In the MDC design, the fan power requirements are increased
to 1350 kW because the overall system pressure drop is higher (17 in. WG)
and the fan efficiency is lower due to greater particulate loading in the

gas,

The booster fans deliver the flue gases through the FGD System into the
stack. The required pressure drop (based on information furnished by'Davy'
Powergas) is 27 in. WG regardless what equipment is used for priﬁary par-
ticulate removal because the pressure drop across the prescrubber is con-
trolled by chloride removal. However, since the booster fans following the
MDC's have a lower efficiency as compared to those following the ESP (due -
to higher particulate loading in the flue gas), the energy required to
drive them is somewhat higher. The following power requirements are

indicated: 1650 kW (ESP used) and 1770 kW (MDC used).

Total operating power consumption attributable to ESP is estimated at 800
kW. This includes transformer/rectifier sets, hopper heaters, rappers and

dampers. No electrical energy is consumed by the MDC.

The total power requirements for the Wellman-Lord Process (excluding the
gas reheat) have been estimated at 1530 kW. Breakdown for individual

equipment is not available but it is assumed that the evaporator
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recirculating pumps are the major users of electrical power in the Wellman-

Lord Process.

Steam represents the major energy requiremet in the Wellman-Lord Process.
By far the largest users of steam are the double-effect evaporators; other
smaller users are the S0, strippers, purge crystallizers and dryers. All
but the dryers require low pressure (25 psig max.) steam. Since the lowest
‘pressure steam available from the gasification process is at 50 psig, it
has been proposed by Davy Powergas to use superheated steam from the avail-
‘able 230 psig header. This steam would be used to drive the booster fans
with the turbine discharging steam at 25 psig. The energy remaining in the
turbine exhgust steam would then be utilized in the evaporators, SO2
strippers and purge crystallizers. '

For the purpose of this study, it is assumed that the turbine will be of
such design that sufficient steam will be exhausted to meet the Wellman-
Lord Process low-pressure steam requirements which Davy Powergas estimate
to be 81,000 1bs/hr. Assuming that steam at 230 psig and 540 F is used to
drive the booster ID fans and saturated steam at 25 psig is exhausted by
the fan turbines, the following energy requirements are “indicated:

i

Energy Requirement

MM Btu/Hr
To drive the booster ID Fans 9.4
Wellman-Lord Process 81.2
Total 90.6

For stack gas reheat, approximately 36 MM Btu/Hr (39,500 1b/hr steam at 230
psig, 540 F) will be needed to raise the stack gas exit temperature to 170
F. An additional 140 kW will be required to drive the gas reheat air fans,

Operating energy requireﬁentsvfor the two proposed AQC system alternatives are

summarized as follows:
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ESP/FGD MDC/FGD

ESP kW 800 —-—=
ID Fans kW 880 1350
Wellman-Lord kW 1530 1530
Gas Reheat Air Fans kW 140 _ 140

Total kW 3350 3020

Steam @230 psig, 540 F

Booster ID Fans MM Btu/Hr 9.4 9.4
Wellman-Lord MM Btu/Hr ' 81.2 81.2
Gas Reheat MM Btu/Hr _36.0 . _36.0
| ‘Total MM Btu/Hr 126 .6 . 126.6
Lbs/Hr - 121,300% 121,300%

It is imperative that a more comprehensive energy optimization study be
pefformed when a more detailed process proposal is received from Davy

Powergas.

9. Claus Unit Interface

Assuming that the SO, product from the Wellman-Lord Process is fed to the

Claus Unit, the operztion of the FGD system must be integrated with that of
- the gasification process. Of primary concern is the potential mismatch in
the operating time of the steam generator and the Claus Unit. For example,
during cold start-up at least one of the steam generators will have to be
on line to provide steam for driving the process compressor turbines while
the Claus Unit will not be started as yet. Obviously, the chemical re-
covery portion of the Wellman-Lord system cannot operate but the absorption
system must treat the flue gases. Consequently, the Absorber Product and
* It is estimated that approximately 118,350 Lbs/Hr of condensate (210 F)
will be available for return back into the thermal cycle. The conden-

sate used in dissolving the sodium carbonate makeup is not included in

this amount.
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Absorber Feed Tanks, located upstream and downstream of the chemical re-
. covery plant, need to be of sufficient capacity to sustain the operating
requifements of the absorption system. In the conceptual design both tanks
are sized to provide a surge capacity of 461,000 gallons (equivalent to de-

sign flow rate for 48 hours, one boiler operating).

At design condition, the 302 product mass flow rate is 9,210 lb/hr (100%
SOZ)' In order to maintain the proper H,S to SO, feed stoichiometry,
some modification in the Claus Unit design may be required to accommodate

the increased SO, input.

2

As previously indicated, the Wellman-Lord FGD System is designed to treat
Claus Unit Tail Gases (CUTG). For the purpose of this study it has been
assumed that CUTG's are introduced at the AQC System battery limits after
~they have been incinerated and cooled from the design temperature of 1400 F
to 300 F in a waste heat boiler. This simplifying assumption may prove un-
workable because at 300 F the CUTG may be below the acid dewpoint and thus
.provide a corrosive atmosphere in the ductwork. Humphreys & Glasgow have
been requested to determine the CUTG dewpoint and the allowable temperature
may have to be modified based on their findings. Higher CUTG temperature
would cause a slight increase in the inlet temperature to the FGD system

and a corresponding increase in the evaporative loss in the prescrubber.

Some consideration has been given to utilizing the thermal energy in CUTG
for reheating the flue gases exiting the Wellman-Lord absorber, Direct gas
to gas heat exchanger is deemed ‘impractical because a very large heat ex-
change surface area would be needed. Also potential corrosion problems may
arise. The feasibility of using the steam generated in the waste heat boi-
ler as a supplementary source for the Wellman-Lord Process steam require-
ments warrants further consideration and this alternative should be evalua-

ted in the framaework of future heat optimization studies.
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Another alternative that has been considered but not evaluated fully
entails incineration of the CUTG directly in the steam generators. Pre-
liminary discussions with one steam generator supplier indicate that
~direct incineration may yield Nox emissions in the flue gases above
acceptable levels. However, with some modification in the furnace design,
. this apparent problem should be overcome and it is suggested that direct
-incineration be evaluated in more detail because it offers simplicity ‘and
- possible economic advantage over the external incineration method.

10. 502 Product Conversion

" The SO2 product recovery is 9210 1b/hr (100%Z basis) at design cond1t10ns.,
‘The product is suitable for conversion to either sulfur or sulfuric acid.
Relatlvely minor processing steps are needed for conversion to either by-
-product. However, as previously indicated, modification in the design of
.fhe Claus Unit may be required in thé event conversion to sulfurmis ‘

contemplated.

Any steam produced in the 802 conversion facilities has not been con-

sidered in determining the energy requirements for the AQC System.

11. Scale~down to Demonstration Unit Size

_Essentially the configuration of the Commercial Unit AQU System is
adaptable to the Demonstration Unit size. Scale—-down of the Wellman—Lord

. subsystems should be straightforward since the equipment used is not
unusual and the scaledown factors are well defined. Since the total amount
of 802 removed will be less, single-effect rather than double-effect
_evaporators may be the economic choice in terms of trade-off between

capital investment and steam cost.

While the lower gas flow would indicate a single module absorption system,
turn-down and reliability considerations would favor maintaining a two-

module arrangement.

-44-



F. Risk Factors

Each'subsystem of the proposed AQC System has been applied on commercial
scale units. However, there have been and still are problems associated
with AQC Systems. With increased experience, significant progress has been
made in identifying the problem areas and in reducing the severity of their
‘impact on the system reliability. The reliability of a specific AQC System
"will depend to a large extent on the soundness of its overall Qesign,'
'dégree of redundancy, selection of materials of construction and, most
importantly, dn how well the system is maintained. The Owner must be
prepared to devote substantial effort, continuously and on a.skilled level,

to the operation and maintenance of the system.

With regard to particulate removal, electrostatic precipitafors are the
most commonly used equipment. A recent survey conducted by Ebasco,
covering 250 cold side ESP's, indicates 98 + percent (weighted average)
availability* for a period of 10 years. Common causes of failures were due
to flyash reentrainment, breakage of discharge electrodes, thermal
expansion and problems associated with flyash handling. Such failures can

be minimized by proper design and maintenance.

Failure to meet performance can be likewise minimized by proper selection
of key design parameters, including SCA, aspect ratio, rapping intensity
and electrical sectionalization. Many of the reported ESP failures with
regard to performance have been due to undersizing, and to the problems
related to handling high-resistivity flyash in equipment not designed

specifically for such operating conditions.

MDC's are inherently simple to operate and maintain. However, as with any

other equipment handling erosive materials, periodic replacement of certain
components can be expected. A major risk factor associated with mechanical
dust collector arrangement is the anticipated reduced reliability of ID and

booster fans which, necessarily, handle flue gases with relatively

* Availability is defined as the ratio of hours the ESP is available for

operation (whether operated or not) to hours in the period.
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high ash loading. While proper fan design can minimize outage time,.
providing replacement liners which protect both blades and housing against
ash erosion and abrasion is deemed essential. In contrast, fans following
the ESP are more reliable and require lower maintenance., Likewise the
reliability of the prescrubber may be adversely affected as a result of
‘ higher ash loading. As previously indicated, wet particulate removal
implies potential for solid deposit formation, which is aggravated at
increased ash levels, creating maintenance problems and unscheduled

shutdowns.

In terms of reliability, several Wellman-Lord systems installed in the
U.S. and in Japan are noteworthy for their successful operating histories

by having demonstrated on-stream factors of 97 to 98 percent.

Scaling and plugging due to slurry scrubbing has been the major source of
maintenance and shut-downs in lime/limestone FGD System, SinceIWel}man—
Lord System is based on clear liquor scrubbing, downtime due to scaling or

plugging of absorbers has not been reported on Wellman-Lord units.

However, as with any complex chemical plant, the Wellman-Lord System must
be properly maintained to insure sustained reliability. The areas that

may have an adverse impact on reliability are the prescrubbers and " the
evaporators. The very low pH conditions in the prescrubber necessitate the
use of high alloy materials to minimize corrosion. Thermal deposits of

- sulfites and sulfates on the evaporator heat exchanger surfaces require
periodic (approximately every 6 months) shutdowns so that the surfaces can

be washed.

A spare absorption module is not included in the conceptual ‘design. As the
absorption system has been sized to include a 15 percent margin on flow,
the two installed modules are capable of handling 115 percent of MCR (max-—
imum continuous rating of the boilers) gas flow. In the event. one of the
modules is taken out of service for maintenance, the remaining module could
"still treat 57.5 percent of total gas flow and sustain the operatioh of

one of the boilers. Further "overloading" of the absorber may be feasible
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at a somewhat reduced S0, removal efficiency and incréase in pressure

drop. In addition, the ductwork arrangement permits any or all of the flue
gas to by-pass the FGD System and flow directly to the stack., (If EPA
regulations allow a variance to maintain operations in the event of an

absorber loss.)

‘It is estimated that the addition of a spare module would increase the cost
of the FGD System by 35-40 percent. On the basis of the performance of the
~ Wellman-Lord units now operating and the margins built 'into the design, it

is felt that the additional investment for a spare module is not warranted.
'_ It should be noted that at NIPSO no spare is provided} on the other hand at’
the San Juan Station of New Mexico Public Service, each unit will have one‘:

spare module.

G. EFFECTIVE INTERFACES

Major interfaces of the AQC System with the balance of the plant (Claus
4Unit, waste disposal, water and steam utilization) have been discussed
~earlier in this section in light of the various design parameters éonsider;
ed. As the overall process design evolves, the conceptual AQC System de> .
sign may have to be modified to accommodate any changes in the interface

areas.

Areas that need to be re-examined or considered in more detail are as

follows:

- The feasibility of closing the loop with respect to liquid effluents

- Steam and condensate usage optimization

- Raw material handling aud storage

~ Integration of the AQC System with the SO2 product conversion
facilities .

- Modification of AQC System to accommodate any changes in coal
source. (The current design is based on a coal analysis developed
for Texaco's design conditions. Further examination of expected
maxima with regard to sulfur, ash and other coal constituents is

mandatory as soon as this information becomes available.)
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Iv. ECONOMIC EVALUATION

A. General

The economic evaluation factors used in the study are

Average Annual Capacity Factor

Depreciation Charge Rate

Electrical Energy Charge

Steam (230 psig, 540 F)

- Sodium Carbonate Delivered Cost

“Cooling Water Cost

Maintenance Material & Labor
Electrostatic Precipitator
Mechanical Dust Collector .
Wellman-Lord FGD System

Operating Labor

- Supervision
All costs are in 1978 dollars,

B. ' Investment Estimate

%

%

$/k§hr
$/ton
$/ton
$/1000 gal

% of Investment
%Z of Investment
% of Investment
$ /man~-ye ar

$ /man-year

‘tabulated below:

90
6.67
0.0185 "
4.73

90
0.03

1.0
£ 2.0
3.5
25 000
40 000

Comparative order-of-magnitude estimates have been made of the investment

agsociated with the AQC Systems described in Section III,

The scope of each investment estimate includes both the equipment supplied

by the Vendor and that which the Owner will have to provide (such as foun-

dations, flyash handling equipment to battery limits, HV transformers,

switchgears, motors above 250 HP and wiring).

The scope excludes the waste

disposal pond because its investment const for the two particulate removal

alternatives is estimated to be equivalent.

Equipment and erection costs for the Vendor supplied equipment are taken

from budgetary proposals.

The costs of the Owner supplied equipment have

been developed by Ebasco based on available information and are subject to
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change upon receipt of more detailed design data. The conceptual estimate
received from Davy Powergas for the Wellman-Lord system included both

Vendor and Owner supplied equipment and therefore, no major adjustments by

Ebasco were required.

On the gas side, the limits of the estimate may be identified as the air

heater outlet to and including the stack.

All estimates are at 1978 pricing levels and include installed direct

costs only.

c. Comparative Annual Operating Cost

The following costs are included in the annual operating cost analysis:

- Depreciation charges on direct plant copstruction cost
- Electrical Energy Charge

- Sodium Carbonate Make-up

- Steam Consumption

- Cooling Water Requirements

= Operating Labor & Supervision

- Maintenance Material & Labor

Not included are the costs attributable to process water consumption be-
cause the source of make-up water has not been established as yet. Its im-
pact on the total opcrating cost will be insignificant as the consumption

is relatively small.

All annual costs are hased on an annnal average capacity factor of 0.9 and
on 1978 pricing level. The cost items which are affected by the coal sul-
fur content, namely steam and sodium carbonate consumption, are predicated

on the assumption that design sulfur coal is burned.
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D. ' Results

Economic evaluation was performed on the two design alternatives described

in Section III.

Electrostatic precipitator (ESP) at a 99.65 percent collection effi-
ciency, followed by the Wellman-Lord FGD System, Particulate load-
ing in the flue gas exiting the .ESP is at 0.05 lbs/million Btu

assumed to be the NSPS emission level.

Mechanical dust collector (MDC) at a 60 percent collection effi-
ciency, followed by the Wellman-Lord FGD System, Particulates not-
collected in the MDC are removed in the prescrubbef to meet the NSPS

emission level.

Detailed tabulation of comparative investment and owning and operating coét.

estimates is presented in Exhibits 13, 14, 15 and 16 and summarized.as

follows:
ESP/Wellman-Lord , ~MDC/Weliman-Lord'
$1000 (1978)
Total Direct Investment 25 240 : ll 22 055
Differential +3 185 Basé
Annual Operating Cost 5 945 5 674
Differential + 271 Rase

Since the design and the costs associated with the Wellmap-Lord FGD System
are assumed to be the same for both altermatives, the cost differential be-
_tween them is attributable solely to the respective particulate removal

systems selected.

It is therefore noteworthy to examine the cost impact of reducing the col-
lection efficiency of the electrostatic precipitator and effecting in-
creased particulate removal in the prescrubber. As discussed in Section
III, the controlling factnr in establishing the pressure drop across the

prescrubber appears to be the removal of chlorides from the flue gas. At
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the estimated pressure drop of 12 in. WG, required for chloride removal,
acceptable particulate removal can be expected even if the ESP collection

efficiency is reduced (higher particulate loading entering the pre-

scrubber).
Three lower ESP collection efficiencies were considered: 99 percent, 98
and 90 percent. As would be expected, there is a significant reduction in

the investment as follows:

ESP | 4 ‘ ' . Estimated

Efficiency 2 SCA s Direct Cost
% Ft /1000 ACFM , __81000
99.65 499 | 4 540
99.0 416 . 3 760"
98.0 312 ' 2 910

90.0 180 . - 1 680

I1f the design were based on a 90 percent in lieu of a 99.65 percent effi-
~cient ESP, the annual operating cost would be reduéed from $754 000 to

' $463 000 - primarily due to lower capitalocharges as shown in Exhibit 17.
Sizing the ESP for 90 percent efficiency reduces the differential betwéen

the ESP and MDC designs to only $20 000 per year.

If must be noted that this analysis is predicated on the assumption that a
- reduction in ESP collection efficiency does not necessitate a higher pres-
" gure drop across the prescrubber. If this assumption were not made, cost
reductions due to smaller ESP sizes would be at least partially offset by
the higher enmergy requirements associated with the operafion of the pre-

scrubber.

E. Escalated Costs

It is the intent of this study to develop the Eomparative annual . operating
cost for the year 1981. It has been estimated that all costs except pur-
chased power increase by 20.36 percent during the 1978 to 1981 period; in

the same time period the cost of purchésed power is expected to increase
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by 27 percent. It is apparent  that escalation of the costs presented in
Exhibit 16 will have a minimal impact on the relative economics of the
alternatives, because the cost of electrical ehergy (purchased power)

represents only about 8 percent of the total cost.

Comparative costs for the total AQC.System expressed at 1981 cost levels are

shown below:

ESP/FGD = . . MDC/FGD

Annual Operating Cost, 7 188 : 6 859
$1000 : . '
Differential +329 ‘ . Bﬁse,
F. Baghouses

As stated in Section III baghouses are not considered a viable parficulate
control technology in the application undef study because of lack of
" demonstrated performance of fabric filters in high sulfur coal service.
Further justification can be made on economic grounds by comparing the
- operating costs of a baghouse with that of a cold-side ESP. This com-
»parison, as presented in Exhibit 18, indicates that the annual operating
cost of.a cold-side ESP is estimated to be $265 000/yr less than that of a’
baghouse. The differential is due to a higher pressure drop (increased
power to drive the ID fans), increased fuel consumption to maintain air
heater exit temperature above the acid dewpoint and the bag replacemént
cost based on a two year bag life. These charges offset the lower capital
investment associated with the baghouse system which is estimated to be
$4 632 000 as compared to $5 340 000 for the cold-side ESP. ‘Both the
baghouse and the cold ESP are capable of achieving particulate emission
level of 0.05 1b/million Btu.
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EXHIBIT 1

DESIGN COAL CHARACTERISTICS * , B

(As Received Basis)

" Ultimate Analyses “Weight Percent
Carbon | | - . 57.82
Hydrogen A 3.65
Nitrogen ' ‘ - 1.13
Sulfur **' | x | o 3.40
Oxygen _ ' o 4.80
Ash ‘ : 17.20
Moisture . 4 12.00

100.00
Gross .Heating Value Btu/Lb . 10 116
Flue Gas Composition . Weight Percent
CO2 . 18.98
H,0 5.19
802 : 0.61
O2 4 .88
N2 70.34
100.00

*  Coal characteristics based on design conditions developed for the

coal gasification facilities (Commercial Unit).

%% Includes 0.24% Chlorine.



EXHIBIT 2

REVISED NEW SQURCE PERFORMANCE STANDARDS
UNDER CONSIDERATION FOR FOSSIL FUEL FIRED UTILITY BOILERS
(as of November 1977)

Sulfur Dioxide

Emission Limitation ‘ 1.2 1bs/106‘BTU's

Percent Reduction - . 902(1) .

Floor Value ‘ 0.2 1bs/106 BTU's
Particulates

Emission Limitation 0.03 1bs/106 BTU'é(Z)

Percent Reduction ' 997

Opacity Limitation ‘ 10%

Nitrogen Oxides

Emission Limitation

Subbituﬁinous Coal 0.5 1bs/106 BTU's

Bituminous Coal and Certain 0.6 1bs/10% BTU's

Lignites ‘

North Dakota, South ?a§ota 0.8 1bs/10% BTU's
3

and Montana Lignites

Percent Reduction _ 657%

1) 85 percent possible.

(2) 405 1bs/10° BTU's possible.
(3)

Utilizing a cyclone boiler.



EXHIBIT 3

COMMERCIAL PLANT BOILER EMISSIONS(!)

Sul fur ~ Nitrogen
Emissions Dioxide(Z)' Particulates’ Oxides(3)
Potential (uncontrolled)
Pounds per Hour 10,724 ~ 18,987 788
Tons per Year(A) 42,274 74,846 3,106 -

1) Emissions based on preliminary design data.
@ Approximately 20 percent of these emissions are from the Claus Unit
tail gases. ‘ ‘
(3) Nitrogen oxides emissions assumes compliance with proposed standard
of 0.6 1bs/MM Btu
(4)

Based on 90 percent usage rate.



EXHIBIT 4

FLUE GAS DESULFURIZATION RECOVERY PROCESSES

CLASSIFICATION TYPE : : - SUPPLIER

I Wet Processes

1. Slurry Magnesia ‘(A) ' Envirotech/Chemico

United Engineers

2. Clear Liquor Sodium Sulfite
‘ 4 (Wellman-Lord) (A) ~ Davy Powergas
Ammonia (B) Catalytic
Citrate (B) " Bureau of Mines

Peabody
Morrison Knﬁdsen

Phosphate ‘(Aqua-Claus) (B) Envirotech/Chemico

C Steam Stripping . L
II Semi-Dry ‘
(Spray Dryer) "Aqueous Carbonate (B) Atomics International
V Ammonia Carborundum
III. Dry Carbon Sorption (A) Foster Wheeler/
Bergbau
Copper Oxide (A) Shell/UOP

Catalytic Oxidation (C) Monsanto

(A) Process suitable for both sulfur and sulfuric acid production.
(B) Process suitable for sulfur production only.

(C) Process suitable for sulfuric acid production only.



| | 2 3 4 5 [ I'l 8 9 10 1l M 12 l n 4 15 16 . 17 8 9 20 2| 22 23

-

No.Joate| Rewiston  [er [cufapProven[Review
SK-837 M-u
A
+
STEAM
7 . 8
AMBIENT ; > —_— {
f‘”“ e o _, REHESTER '
- FANS
INDE NSATE * . .
g Jroee || c
—— JE—
w
3 [
a2
-
1.0, FAN l T ‘ .
! - ¢
: ELECTROSTATIC [FyuE oas —
—_— PRECIPITATOR —_— . v
BOILER NU.I ALR OR MECHANICAL ) t S0
HFATFR (CYCLONIC) DUST " RONSTER ABSORBER |~
COLLECTOR R l T v Fan
- ol - -
. ! : WATER — F -
VY § vexrom
1.0. FAN i PRESCRUBBER
X
[} FLY ASH
1 SLURRY
i G
1
[N
[
I -—
Vi
L
e
" W
I STEAM
1 .
L _ -
HT /"ﬁ:| >
| LMBIENT
t ame —_[:\_/ I
REHEATER
" r__ FANS
1 7 ._.’
[
)i =3 CONDENSATE _J_aensnsn
B R
(83
p —
§ , y
i 3 [ mixinG
Vi ] ¢namaer
i
(K} '
it
i
'Kl
" X
"
1 T ‘
1.D. FAN 1t
! b
ELECTROSTATIC [FLUE Gas —
BOILER nO.2 AR oREGie Taon, 502 L
: EATER AR e BOOSTER ABSORBER
COLLECTOR : FaN
1 | =
WATER
VATV . vewTuRl
1.0. Fan 3 PRESCRUBBER .
D_l
38 K-
FLY ASH =~ ,
SLURRY '
N—
, EXHIBIT 5 °
U.S. DEPARTMENT OF ENERGY
W.R. GRACE & CO.
MEMPHIS, TENNESSEE 3
SYNTHESIS GAS DEMONSTRATION PLANT PROGRAM
. INDUSTRIAL PROJECT "6 - PHASE |
CONTRACT NO. ET-77-C-01 - 2577
COMMERCTAL  PLANT
PROCESS SCHEMATIC
AIR QUALITY CONTROL SYSTEM-FLUE GAS CIRCUIT |g
EBASCO SERVICES INCORPORATED
APPROVED DATE 6-21-78
’ SK-8376J1SSE
M-y Po
' ! 2 3 " s & LK 8 lo " [3 I 1} O [ to i 8 [ 2l 22 2



T
i 1 2 3 L] 5 [ 17 8 9 10 " 12 | 13 1 15 16 17 8 19 20 21 22 23
SK-8376 M—5 Nofoate| meviston ey | cu]approved REVIEW
A A
8 8
'
PRINARY COMDEMEER SENNDARY CONDENSFR
[ [4Y] . C
S0, PPODUCT
COMPRESSOR
r SWCTION
DRUM
] 4]
FIRST SECOND
EFFECT EFFECT P,
EVAPORATOR EVaPORATOR
El. LP STEAM E
CONDENSATE
CONDENSATE v | sTrRiPPER -
— - LP STEAR
—
J —
F i - | 4 F
- WATER
STACK GAS £uaPORATOR EVAPORATOR M simpen
EXHIBIT HEATER HEATER CONDENSATE ' b
COOLER MAKE-UP SODA ASH
CONDENSATE COMDENSATE
RECEIVER RECEWER r . .
G S00a ASH G
MAKE UP
I I l HOTHER LIGUOR Tank
_____ r_]. - SEPARATOR
ABSORBER PRODUCT
iR
e : n 1 ' "
FLUE GAS FROM PRESCRUBBER 1
DEXHIBIT 4 i
'
wiks & <
ABSORBER ABSORBER BER EVAPORATOR | CONDENSATE EVAPORATOR LONDLNSATE EVAPORATOR DISCOLYING Tanw  QUISSON VING STRIPPED MOTHER | SODA ASH
PRODUCT CIRCULATING PRODUCT FECO FurP | pune CIRCULATING PUMP CIRCULATING UITH AGITATOR TaNK PUHP CONDENSATE LIOUOR | FEED
1 PUnP Pur:’PS TANK PUMP PumpP PUMP PUMP FUMP 1
(TYPICAL)
-] | | | I | LP $TEAM [—
J »! J
l ' | CONDENSATE
, CENTRIFUGE ;
VENT GAS 10 VENT SCRUBBER - Funer :
\ VENT ScRUBE: r”"-l CRYSTALLIZER
.3
| S
MP STEAM
e ‘
bty .
PURGE DRYER H
t CONDENSATE P L
oz i. ' $0p PRODUCT
!
PURLE
CONVEYING SYSTEM CRYSTALLIZER 502 PRODUCT
(NOT SHOWN) HEATER 5:8&1»( out v
" CONDENSATE ]
RECEVER
SULFATE B
PURGE
BIN S0, PRODUCT SOz PRODUCT
OOLER COMPRESSOR
. . Q "
'
, -
G—" 4+ | G < >— (53
PURGE PURGE CENTRIFUCLE PURGE CONDENSATE ABSORBER ABSORBER FEED S0, PRODUCT
CRYETALLITER CBYSTal ) I7FR FEFD PUNP CRISTALLIZER PUMP FEED TANK CONDENSATE
LIQUOR PUMP LIQUOR TANK CIREULATING Pynp Pune
° WITH aGITaTOR Punk EXHIBIT 6 °
U.S. DEPARTMENT OF ENERGY
W. R. GRACE & CO.
p A MEMPHIS, TENNESSEE 3
SYNTHESIS GAS DEMONSTRATION PLANT PROGRAM
INDUSTRIAL PROJECT "B — PHASE [
CONTRACT NO. ET-77-C-01-2677
¥ COMMERCIAL  PLANT
FLOW DIAGRAM
AIR QUALITY CONTROL SYSTEM
o FLUE GAS DESULFURIZATION SYSTEM-WELLMAN LORD PROCESS |@
EBASCO SERVICES INCORPORATED
SCALE nONE APPROVED DATE 6-2
. DIV MECH_QES . ECT, CODE
OR_OLIVETO LR
S B s [
| I 2 k] [} s [ 1K 8 10 " 12 1 13 [0 15 16 17 18 19 20 21 22 23



INCHES

.

PLANT

NORTH

ROAD

180 -0
(APPROX.)

ABSORBER
PRODUCT
TANK
MILLS .
? v PRECIPITATOR 1.D. FANS
# 0 '
; B())LEF? |. e ]
O ® PRE SCRUBBER 100 000
(TYP) 7 00 |
@ BOOSTER o Q O fFOt o
FAN \@ o 00
(TYP)
CHEMICAL  PLANT
/"\ 0un ¢ .
ABSORBER~ (000D
STACK YRy q.g__ —o—f []-
puyau \\\_//
n0og 0o
2 [ ] ol PURGE TREATMENT
: PRECIPITATOR Q QD'» D [O
BOILER "2 ® ABSORBER 0
J\D : — FEED ne-Q
® TAMY,
@ 1.D. FANS
420'-0
(APPROX)

EXHIBIT 7

U.S. DEPARTMENT OF ENERGY

W. R. GRACE & CO.

MEMPHIS, TENNESSEE

INDUSTRIAL PROJECT “B” — PHASE I
CONTRACT NO. ET-T77-C-01-2577

~ SYNTHESIS GAS DEMONSTRATION PLANT PROGRAM

PLOT PLAN

AIR QUALITY CONTROL SYSTEM

~ EBASCO SERVICES INCORPORATED

EBASCO SERVICES INCORPORATED

=|Njwla|w

DATE

8y APPROVED

DIV, OR. APPROVED
CH.

DATE

SCALE NONE APPROVED DATE _ 6-2I-78
DIV.MECH. DES. ECT. CODE NC.

DR _OLIVETO SK-837 6JISSUE
. M- 6 s




EXHIBIT 8

INCINERATED CLAUS TAIL GAS

DESIGN CONDITIONS

Composition . ' : o Weight Percent

HZO : o 12.44
N, *+ Argon ‘ o 37.16
R - 47.68
50, | _2n

‘ 100.00

Design Mass Flow Rate, Lbs/Hr 69,577



EXHIBIT 9
Sheet 1 of 3

PARTICULATE REMOVAL EQUIPMENT
TECHNICAL SUMMARY

ELECTROSTATIC PRECIPITATOR (ESP)

Quantity

Specific Collection Area (SCA)

Maximum Flue Gas Velocity

Type Discharge Electrode

Aspect Ratio (Depth to Height)

Plate Spacing

Rapper Cleaning Method
Pressure Drop Across ESP
(including gas distribution)
Overall (including ductwork)

Installed Power

Per Eacli E3P:

Collecting Surface Area
No. of Electrical Fields
Field Depth
No. of Gas Passages
Plate Height
No. of Hoppers
No. of Transformer/Rectifiers
'No. of Bus Sections
Overall Dimensions
'Height
Depth
Width

Ft2/1000 ACFM

Ft/sec

inches

in, WG
in, WG
Kw

Ft
Ft

Ft

Ft

Two (One ﬁer boiler)
499
4,1
Weighted Wire
‘1.5
-
Impact Type

- 0.5
3.0
800 -

133 882
10
4.5
48
30
6
10
20

62
52.5
37.5



A.

ELECTROSTATIC PRECIPITATOR (ESP) (Cont'd)

ID Fans

Quantity

Type

Blades

Design Conditions*
ACFM/Fan .
Static Pressure
Efficiené}

BHP/Fan

MECHANICAL DUST COLLECTOR

Quantity
Type

Per Collector

Number of Cyclones
Number of Banks
Overall Dimensions

Height

Depth

Width

Pressure Drop Across Collector

Overall (including
ductwork)

in. W G

percent

Ft

in, WG

in. WG

EXHIBIT 9
Sheet 2 of 3

Four (Two per boiler)

' Radial
- Airfoil

140,000
20
87.5

510

Two (One per boiler)

Multicyclone

30

32
100
12



EXHIBIT 9
Sheet 3 of 3

B. MECHANICAL DUST COLLECTOR (Cont'd)

ID Fans

Quantity

Type
Blades

Design Conditions*
ACFM/Fan
Static Pressure
Efficiency
BHP/Fan

Four (Two per boiler)
Modified Radial
3/8" replaceable . =

hardened steel liners

140,000

in. WG 2.5
percent ' T 69
| | 780

* 20% margin on flow and 44% margin on Static Pressure



EXHIBIT 10

Sheet 1 of 3
WELLMAN-LORD PROCESS
EQUIPMENT LIST

EQUIPMENT ‘ _ ' QUANTITY
Prescrubber Circulating Pump 4+ 2
Absorber Circulating Pump ' ' | 6
Absorber Product Pump ‘ ' 2 +2
Evaporator Feed Pump ‘ 4 . 1 +1
Fly Ash Sump Pump . , - ' 1+1
First Effect Condensate Pump 1
First Effect Evaporator Circulating Pump 1
Second Effect Condensate Pump ‘ : 1
Second Effect Evaporator Circulating Pump 1
Mother Liquor Pump ' 1
Dissolving Tank Pump 1 +1
Absorber Feed Pump 1 +1
Stripped Condensate Pump 1 +1
Seal Water Pump 1 +1
Crystallizer Condensate Pump 1
Crystallizer Circulating Pump 1
Centrifuge Feed Pump 1
Crystallizer Liquor Pump 1
Chemical Plant Sump Pump ‘ 1 +1
Condensate Pump ‘ : : 1 +1
Soda Ash Feed Pump 1+1
Soda Ash Unloading Pump 1
Vent Gas Scrubber Circulating Pump 1 +1.
Fly Ash Sump Agitator A ’ 1
Dissolving Tank Agitator ' ‘ ' 1
Crystallizer Liquor Tank Agitator ' , 1

NOTE: + 1 denotes 1 spare



EXHIBIT 10

Sheet 2 of 3
WELLMAN-LORD PROCESS
EQUIPMENT LIST (Cont'd)
EQUIPMENT . _ UANTITY
Flue Gas Booster ID Fan including steam driven turbines : 2
502 Product Compressor : 2 +1
Fly Ash Filter - 1
Centrifuge o : 1
First Effect Evaporator Heater 1
Second Effect Evaporator Heater 1
Primary Condenser 1
_Secondary Condenser , 1
Stripped Condensate Cooler o ' 1
Sulfate Purge Dryer . 1
Seal Water Cooler . 1
Prescrubber 2
Absorber Inlet Gas Mist Eliminator 2
Absorber ‘ 2
Condensate Stripper -1
Vent Gas Scrubber 1
Sulfate Purge Bin Activator 1
Sulfate Purge Bin Slide Gate 1
First Effect Evaporator 1
. Second Effect Evaporator 1
First Effect Condensate Receiver 1
Second Effect Condensate Receiver 1



WELLMAN-LORD PROCESS
EQUIPMENT LIST (Cont'd)

"EQUIPMENT

Mother Liquor Separator
Purge Crystallizer
Purge Crystallizer Condensate Receiver

Steam Condensate Surge Drum

" Absorber Product Tank
Dissolving Tank

Absorber Feed Tank
Evaporator Dump Tank
Evaporator Wash Water Tank
Crystallizer Liquor Tank
Sulfate Purge Bin

Soda Ash Storage Tank

Sulfate Purge Pneumatic Conﬁeying System
including one each of the following:

Air Blower

Air Filter

Surge Hopper

Surge Hopper Rotary Feeder

Dust Collector

Dust Collectur Rotary Feeder

Gas Reheaters

Gas Reheat Fans

'EXHIBIT 10
Sheet 3 of 3

UANTITY

s s e
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¢

‘ ' EXHIBIT 12
OVERALL MATERIAL BALANCE
ATR QUALITY CONTROL SYSTEM
ELECTROSTATIC PRECIPITATOR AND WELLMAN-LORD SYSTEM
(2 STEAM GENERATORS)
1) (2) 3) 4) (5) (6) (7)
) Flue Gas FGD Flue Gas to 50, Product

Stream - Flue Gas to AQCS Claus Tail Gas Flue Gas to FGDS Qutlet Reheat Air Stack
Dry Ges llbs/hr 1 365 669 59 030 1 424 699 1 424 699 510 719 1 935 418
50, . 1lbs/hr 8 830 1 894 10 724 1 072 ) 1 072 9 210
H,0 1bs/hr 75 182 8 653 83 835 155 026 . 155 026 490
Total 1bs/hr 1 449 681 69 577 1 519 258 1 580 797 510 719 2 091 516 9 700
Flyash 1bs /hr 18 987 . .66 : 66 : h 66
Chlorides 1bs/hr 312 ’ 312 Negligible
Volume Flow ACFM 466 540 21 621 441 600 : 390 600 © 161 790 553 960
Temperature -F 300 : 300 300 128 300 - 170 120
Pressure in. W G (psial -13 ) (15) +28 . +2 +2 +1 . (15)

(8) 9) . (10) (11) : (12)
Flyash/Chloride A Na,C04
Liquid & Solid Flows Purge Flyash to Pond Sul fate Purge Make-up Water Make-up

H,0 1bs/hr 31 442 103 023
Solids 1bs/hr See Note 18 920 660
Total 1bs/hr See Note 18 920 840 660 103 023
Volume gpm 63 ) 206
Chlorides 1bs/hr : 314 ) : 2

Notes: Flow at MCR (no margin) conditions
Design sulfur, flyash and chlorides
All required flyash removed in ESP. Urder normal opzrating conditions
some flyash will be removed in prescrubber and purgad in Stream (8)

' Stream numbers refer to flows in Exhitit 10



EXHIBIT 13

AIR QUALITY CONTROL SYSTEM
INVESTMENT ESTIMATES
$1000 (Present Day)

Electrostatic Mechanical Dust
Precjipitator Collector &
& FGD System FGD System
Particulate Removal
Equipment incl Ductwork
1. Vendor Supplied
Materials 1 700 641
Erection 1 500 214
Total Vendor Supplied -3 200 855
2. Owner Supplied
Equipment & Erection 1 340 200
3. ID Fans Equipment &
Erection 800 1 100
4, Sub-total Particulate
Removal 5 340 2 155
Differential +3 185 . Base

Wellman-Lord FGD System

Equipment & Erection 18 800 18 800
Stack 1 100 1 100
Total Direct Investment 25 240 22 055

Differen;ial .+3 185 Base



PARTICULATE REMOVAL EQUIPMENT & ID FANS
ANKUAL OPERATING COST

Item Uait Cost

1. Depreciation 6.67% of Inv
2. Electrical Energy

ID Fans $0.01L85/kwhr

ESP $0.0185/kwhr -
3. Operating Labor $25 100/man/yr
4. Maintenance Labor 1.0 of Inv

& Materials 2.04 of Inv

5. Total Annual
Operating Cost

Differential

Basis: Steam generator at 100% MCR Conditions

Capacity Factor at 0.9

1978 Cost. Basis

EXHIBIT 14

Electrostatic
Precipitator Mechanical Dust Collector
(ESP) (MpC)

Quantity $1000 Quantity $1000
$5 340 000 356 52 155 000 144
6.9 MM kwhr/yr 128 10.6 MM kwhr/yr 196
6.3 MM kwhr/yr 117 - -

4 Men 100 4 Men 100
$5 340 000 53

$2 155 000 43

754 483

+ 271 Base

Costs associated with prescrubber excluded (charged to FGDS)



EXHIBIT 15

WELLMAN-LORD PROCESS - FGD SYSTEM. -

ANNUAL OPERATING COST

1978 Cost Basis

Item Unit Cost Quantity $1000
Depreciation 6.67% of Inv  $19 900 000110 1 327
Sodium Carbonate $90/ton 12600 tons/yr 234
Electrical Energy $0.0185 /kwhr 13.2 MM kwhr/yr 244
Steam @230 psig, 540F $4.73/ton 478 165 tons/yr 2 262
Cooling Water $0.03/1000 gal 2885 MM gal/yr 87
Operating Labor $25 OOO/mén/yr 12 men 300
Operating Supervision $40 000/man/yr 1 man 40
Maintenance Labor & ‘

Materials 31/2% of Inv  $19 900 000¢!) 697
Total Annual
Operating Cost 5191

Basis: Steam Generators at 100%Z MCR Conditions

Capacity Factor @ 0.9

(1) 1Includes Stack



ATR QUALITY CONTROL SYSTEM
ANNUAL OPERATING COST

$1000 (1978)

Electrostatic

Precipitator

Item &_FGD System

1. Depreciation ; 683
2. Electrical Energy 489
3. Raw Materials 234
4. Steam 2 262
5. Cooling Water 87
6. Operating Labor &

Buﬁervision 440
7. Maintenance Labor

& Materialg 750
8. Total Annual

Operating Cost 5 945

Differential + 271

EXHIBIT 16

Mechanical Dust
Collector &
FGD System

1 471.
440
234

2 262

87

440

740

5 674

Base



PARTICULATE REMOVAL EQUIPMENT & ID FANS

COMPARATIVE ANNUAL OPERATING COST
AT VARIOUS COLLECTION EFFICIENCIES

$1000 (1978)

EXHIBIT 17

Mechanical Dust

ESP Efficiency, % Collector
99 .65 99 98 90

Depreciation 356 304 247 165 144
ElecfricallEnergy »

ID Fans 128 128 128 © 128 196

ESP . 117 98 73 45 -
Operating Labor 100 100 100 100 100
Maintenance 53 50 40 25 43
Total
Operating Cost ' 754 680 588 463 483
Differential +291 +217 +125. +20 .

Base



(1)
(2)
(3)

4)

COMPARATIVE ANNUAL OPERATING COST
BAG HOUSE AND COLD-SIDE ESP

(1978 COST BASIS)

Bag House
Unit Cost ' Quantity $1000

Depreciaticn 6.67% of Inv $4 632 000 309
Electrical Energy .
ID Fans(2) 0.0185 /kwhr 11.8 MM kvhr/yr 218
Bag House cr ESP $0.0.85/kwhr 1.0 MM kwhr/yr 19
Fuel Charge(3) "$0.8312/MMBtu 194 242 MMBtu/yr 161
Operating Labor $25 000 /man/yr 4 men - 100
Maintenance ‘
Labor & Material 1% of Inv $4 632 000 46 .
Bag Replacement(A)‘ $60/bag 2 760 bags/yf 166
Total Annual |
Operating Cost 1019

+ 265

Differentisl

Costs as presented in Exhibit 14

Pressure drop across Bag House system estimated at 8 in. W G.

Due to increase Air Heater Temperature to 375 F which is

equivalent to 1.875 percent increase im fuel consumptionm.

Two year bag life.

EXHIBIT 18

Cold-Side ESP
s1000¢1)

356
128
117
"~ 100
© 53

754

Base



ACFM
AQC
BHP
BACT
Btu
CAAA
CUTG
EPA
ESP

FGD

GEP

gpm
gns/SCF
ID Fan
in. WG
kwhr/yr
L/G
LAER
l1bs/hr
MCR

MDC

- MM

MW
NIPSCO
NAAQS
NSPS
PSD
ppm
SCA
SCFM
TPD

APPENDIX A

LIST OF ABBREVIATIONS

Actual Cubic Foot per Minute
Air Quality Control

Brake Horsepower

Best Available Control Technology
British thermal unit

Clean Air Act Amendments of 1977
Claus Unit Tail Gas »
Environmental Protection Agency
Electrostatic Precipitatof
Degree Fahrenheit

FLue Gas Desulfurization

Good Engineering Practice
gallons per minute

grains per Standard Cubic Foot
Induced Draft Fan

Inches Water Gauge

Kilowatt hours per year

Liquid to Gas Ratio

Lowest Achievable Emmission RAte

pound per hour

Maximum Continuous Rating ’
Multicyclonic Mechanical Dust Collector
Million

Megawatts

Northern Indiana Public Service Company
National Ambient Air Quality Standard
New Sourcce Performance Standards
Prevention of Significant Deterioration
parts per million '
Specific Collection Areé

Standard Cubic Foot per Minute

Short Tons per Day
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I - INTRODUCTION

A - OBJECTIVE

The objective of this study is to determine the optimum design for a cooling
tower system for use in the Synthesis Gas Demonstration Plant Program. The

system selected is to be suitable for botih the Demonstration and Commercial

Plant.

B - SCOPE
D i
Data developed herein are based on the Commercial Plant. The applicability

to the Demonstration Plant is discussed.

The cooling tower system is to operate ian conjunction with the synthesis
gas plant, receiving hot water discharge from a variety of heat rejection
equipment including direct equipment coolers, heat exchangers and mechan-
ical drive turbine condensers. The hot water mixture will be cooled and
returned to the plant at a temperature consistent with the economics of the
' cooling system and its effect on plant performance. The report identifies

the optimum cooled water temperature developed from design data currently
available.

The investigation will be confined to towers of the evaporative type
including natural and mechanical draft designs. There appears, at this
time, no justification for the substantial added investment required for
special types designed specifically for water couservation or plume

~abatement.

The study utilizes the Ebasco Computer Program for the approximate sizing
and pricing of cooling towers. A series of cold water temperatures and
cooling ranges are used as input to the program which in turn calculates
cooling tower design parameters, performance, and price for various combina-
tions. Data thus generated can be compared with data solicited from

suppliers for validity.



The Ebasco computer program for the ecomomic selection of steam condensing
systems was also used with a simulated condenser to establish a base for
estimating system costs other than the cooling tower. The study plan
enumerates items of investment and operating costs which can be examined
in arriving at finite cost estimates. This study is intended only to
identify cooling systems in order of ranking. The following listed items
do not.have-an impact on this result since they are either constaat adders

or multipliers. They therefore have been omitted.

Investment Costs

Cost of Land
Escalation

Interest During Construction

Operating Costs

Makeup Water Supply and Treatment

The study examines cooled water temperatures from 83°F to 94°F and
cooling ranges from 17°F to 30°F. Supplementary data explores re-
ducing the design inlet temperature to 81°F and increasing the cooling

range to 35°F.



II - CONCLUSIONS AND RECOMMENDATIONS

The basic results of the economic investigation of rectangular mechanical
draft codling towers for the commercial plant application are tabulated

in Exhibit I (Sheets 1 to 3) and plotted in Exhibit II. The results show
that the annual costs, adjusted for the influence of cooled water tempera-
ture and cooling range on plant equipment costs and performance, follow a
well defined pattern. Specifically, we find that for a given design cooled
water temperature, costs are reduced when the cooling range (or temperature
rise through the plant) is increased. The rate of cost reduction decreases
however, indicating an eventual reversal of the trend caused by a rapid
increase in the cost of plant equipment designed for high range and high

temperatures.

It is also noted that costs decrease as the design cooled water temperature
approaches the design wet bulb temperature. This trend is due to the
influence of plant costs since the trend in cooling tower costs is opposite.
An optimum occurs at 83°F cooled water temperature due to rapidly in-

creasing cooling tower costs.

The plotted results show that for all cooling ranges up to 35°F, a cooled
water temperature of 83°F}is the economic choice. This is also the

lowest practical choice for cooling tower design. Suppliers have been known
to guarantee a 5°F approach (81°F) but specifying this as a performance

requirement is certain to restrict participation in the bidding.

The investigation has not been carried beyond a cooling range of 35°F
although shape of the curves indicates that the trend reversal and most

economical point appears to occur at a higher range.

In combination with an 83°F cooled water temperature, a 35°F range will

produce a hot water temperature of 118°F entering the tower. This

approaches the 120°F limit which cooling tower suppliers are reluctant to

exceed because of adverse effects on materials. To allow for the specfication
of plant equipment to accept a cooled water temperature in excess of 83°F, and
to allow for some deterioration in tower performance without exceeding 120°F hot

water temperature, it is recommended that a range of 30°F be used,



considering the nominal increase in cost associated with this change.
Furthermore, in the interest of conservatism, to mitigate any effects
of biological fouling or mechanical deterioration, we recommend that
equipment using cooling water be designed for a cooled water tempera-
ture higher than 83°F.

Summarizing, it is recommended that the cooling tower design be based
upon a cooled water temperature of 83°F and a cooling range not to
exceed 30°F. It is further recommended that the cooling tower be of

the conventional rectangular mechanical désign.

A detailed tabulation has not been prepared for the Demonstration Plant.
The current state of design indicates that an extrapolation of data
presented in this report will be valid and that the relationships
established will hold. However, further investigation of the original
criteria for selection of the maximum'wet bulb temperature causes us

to recommend that the Demonstration Plant criteria be based on that
temperature which will be exceeded for 5 fercent of the summer months.
This results in a design wet bulb temperature of 77°F. An approach

of 7°F (84°F cooled water temperature) and a range of 30°F, used as &
basis for the Demonstration Plant, results in a 114°F hot water tempera-
ture and no change in basic cooling tower design. System equipment for
the Demonstration Plant is recommended to be designed for a cooled
water temperature higher than 84°F consistent with the explanation

above,



III - TECHNICAL APPROACH

A -_DESIGN BASIS

This section presents a discussion of the basic design criteria and opera-
ting parameters which must be satisfied by the cooling system under
consideration. The study is based on the following design and economic

factors developed for the Commercial Plant.

Design
1. Heat Load - 10% Bru/nr - - 2720
2. Operating Hours/year 7920
3. Circulating Water Pumps
' ‘Number 2
Type Vertical
Element ' Removable

Material Steel
4., Circulating Water Conduit A
Length - ft ' 1200
Base Friction Loss - ft 25
(for conduit sizing)
S. Design Water Level (helow intake deck) - ft 3

6. Design Ambient Temperatures

Wet Bulb 76°F
Dry Bulb 85°F
Economics )
1. Unit Fuel Cost ~ $/10%Btu 0.8312
2. Depreciation - % ‘ 6.67
3. Incremental Capability Charge $/kW : 334
4. Cost of Incremental Steam
1500 psig 940°F $/ST 7.66
580 psig 730°F $/ST 6.11
230 psig 540°F $/sT 4.73



B - PROCESS CONSIDERATION - PLANT OPERATION

Operation of the plant is considered to be at full capacity, 330 days per
year for the purpose of this study. No part load operation has been con-
sidered. Accordingly, when operating the cooling water system is assumed
to be at full capacity regardless of the season of the year. The cooling
system is to be designed for optimum cooled water temperature when ambient

conditions are at design levels.

For this study, condensing turbines have been assumed to be designed for
4.5" Hg back pressure at the design cooled water temperature and temperature
rise specified. This provides for operation in the 3"-3,5" Hg range under
average seasonal'coﬁditions. Improvement in operating performance based

on a weighted annual cooling water inlet temperature has been included in

the Total Adjusted Annual Cost.

C ~ COMMERCIAL EVALUATION

1.1 SYSTEM

The cooling water systew assvcialed with each cooling rower selection
consists of an intake structure, circulating water pumps and reinforced

concrete conduit to conduct water to the plant and return.

Pumps are standard-vertical mixed flow, removable impeller type for fresh
water service. Motors are of weatherproof construction, as it is assumed
they will be out-of-doors. For a given flow, the same basic pump selection
will be suitable for any tower selection, the variation in pumping head

being small as compared to the total required head.

Steel piping connections are used to connect pumps and equipment to the

concrete conduit and large valves are of the butterfly type.



The system as considered in this study makes no provision for extra or
standby capability. Addition of spare pumping capacity would not affect
the results of this study.

1.2 DESCRIPTION OF COOLING TOWERS

Evaporative cooling towers of two basic designs are considered, both of
fire resistant construction. These include the natural draft type and
two variations of the mechanical draft type. The design wet bulb tempera-
ture is derived from a review of meteorological data for the City of
Evansville, Indiana over the period 1958-1964. A statistical analysis of
these data indicates that a wet bulb temperature of 76°F will be ex-
ceeded, on an average 18 days(5 percent) annually, This occurs most fre-
quently in connection with a dry bulb temperature of 85°F (approximately
67 percent relative humidity). By comparison a wet bulb temperature of
77°F is expected to be exceeded 2.5 percent of the time. Reduction in
design point to 75°F would result in increasing expected excursions over

design conditions to 12 percent which is considered unacceptable.

a) Natural Draft Towers

Two basic designs exist for natural draft cooling towers:

1. The crossflow type distributes the water peripherally
around the base of the shell so that the air path is
horizontal and perpendicular to the water falling through

a fill section which is entirely external to the shell,

2. The counter flow type encloses the fill section within the
shell so that air flow through the fill is upward, counter to
the falling water, For the same performance, this type will
have a higher shell and higher discharge elevation than the

cross flow design.



b)

The chimney effect of the high shell induces the flow of air
through the fill area where approximately 80 percent of the
cooling is due to evaporation of a portion of the water and the
remainder is by transfer of sensible heat. Loss of water by
windage is appreciably reduced by the long passage up to the

discharge elevation.

Air flow through the natural draft tower is not controlled as

it is in a mechanical draft design. Cross flow design natural
draft towers subjected to low ambient temperatures have
experienced severe icing damage and are generally unsatisfactory
under these conditions. Counterflow towers, however, have a

relatively good record under severe conditions. For this reason,

.counterflow design only is considered.

Mechanical Draft Cooling Towers

Two mechanical draft designs are considered. The first is the
conventional rectangular type having the required number of
cells arranged linearly and oriented to have the axis parallel
to the prevailing winds. The Commercial Plant will require one
tower of this design type, having ten (10) cells. For the
Demonstration Plant, a single tower having four (4) slightly
smaller cells will meet requirements. The number, size of cells
and tower height for each application varies slightly among
suppliers and may be cause for additional environmental evalu-

ation in the course of final selection.

A round mechanical design is available for the Commercial Plant
in either counterflow or crossflow designs, competitively priced
with each other. There is a low duty limitation due principally
to physical considerations and the Demonstration Plant require-
ments have been found to be too low for this design. Improved

plume buoyancy, because of the clustered arrangement of the



fans, is an attractive characteristic of this design. It also
exhibits reduced recirculation as compared with the rectangular

design.

Compared with natural draft designs, drift loss will be somewhat
higher due to proximity of the discharge to the drift elimin-
ators. Droplets which are not collected, or happen to be re-

entrained are almost immediately discharged to atmosphere.
D - RISK ANALYSIS
All components of the systems proposed are of time proven design. The
study suggests that reliability is such that standby capability is not

required for any of the equipment. Cost estimates do not therefore include

redundant 1items.

E - EFFECTIVE INTERFACES

The study is Eased on information developed by Humphreys and Glasgow and
Ebasco with regard to cooling requirements for the process plant and the
variation of equipment costs with cooling water temperature level. These
data have permitted identification of a system and the design operating

parameters.



IV - ECONOMICS

A - CAPITAL COSTS (INVESTMENT)

Tabulated in Exhibits I, III, and IV are installed costs for the system
considered. Five cooling ranges are reviewed. These ranges are 17°F,

20°F, 25°F and 30°F. For the rectangular mechanical design,

35°F is shown as supplementary informationm.

Meetings were held with various cooling tower suppliers to obtain up-to-
date costs for some of the tower selections involved. Information deve-
loped through these contacts is used to ﬁpdate and validate cooling tower
costs determined by computer. The Marley Cooling Tower Company, Zurn
Industries and the Ecodyne Corporation were contacted for this purpose.
All attended discussion meetings but information requested was received

from Marley and Zurn only.

Costs for items other than the cooling tower and basin were estimated from
available in-house data developed over a period of time from typical

designs. Material and labor costs were applied as follows.

Material Labor

Circulating Water Conduit

60" Dia. - $/ft 120 123

72" Dia. : 159 153

96" Dia. ' 232 201

120" pia 364 258

144" Dia. 594 317
Intake Structure $/cu. ft. : 1.90 4.25
Grading Cooling Tower Area $/cu. yd. 3.00
Piling for CT Foundation $/sq. ft. 4.18 2.13
High Voltage Cable $/mva/ft. 8.30 11.00

10



Material Labor

Low Voltage Cable $/mva/ft. 8.00 13.00
Control Wiring - Circ Water Pump - $/ft. 18.10 35.00
Control Wiring -= C T Fans - - §/ft. 7.86 16 .33

C.W Pumps per information supplied by Byron Jackson

C.W Pump Motors ~ Westinghouse Price Book

Investment costs have been adjusted to reflect differential cost variation
of process plant equipment and condensing equipment with changes in cooled
water temperature and cooling range. Ig general these show that process
plant equipment increases in cost with rising cooled water temperature and
also with increasing range. The cost of condensing equipment tenlds to
increase with increasing range and for any given range increases with

increasing cooled water temperature.

As a result of the review of investment costs it was concluded that the
system costs for the natural draft type and the round design variation of
the mechanical type were out of range for these applications. The round
mechanical design is, considerably more costly ($300,000 annually

at 30°F cooling range). The natural draft tower is slightly more
attractive with its energy advanrage but ¢annot be expected to achieve

an approach as low as 7°F.

The conclusions are therefore based upon rectangular mechanical draft

cooling towers.

B - OPERATING COSTS

Annual costs of owning and operating the system consist of the fixed
charges on investment plus the cousl of energy used to operate fans and
pumps, the cost of makeup water and the cost of maintenance. Makeup
costs (including treatment) have been omitted as they vary only slighrly

among the tower selections reviewed. This is because evaporation and

11



blowdown are functions of heat load and solids concentration which are

constant for all situations.

Steam driven mechanical equipment exhausting to condensers will show a
variation in performance due to the condenser pressure which is determined
by the cooled water temperature and the cooling range of the system. The
adjustment for this variation reflects the cost of providing sufficient
steam to maintain required power output based upon average seasonal opera-

ting temperatures.

Variation in cooled water temperature has negligible effect on process
efficiency. This assumes equipment properly sized for the design tempera-

ture level to be experienced.

C - RISK ANALYSIS

A high level of confidence in the system and equipment renders analysis

of financial risk unnecessary.

The study does not recognize possible unfavorable environmental impact of
the system selected. The atmospheric effects are discussed in an appendix
to this report entitled Atmospheric Effects of Alternate Cooling Tower
Operation at the Syngas Demonstration and Commercial Plants. This appendix
bases the acceptability of the mechanical draft on a location and orienta-
tion which will mitigate tower induced fogging on nearby Tscharner Road.

It is expected that this can be accomplished.

12



EBASCO SERVICES INCORPORATED EXHIBIT 1

Sheet | of 3
. SYNTHESLS GAS DEMONSTRATION PLANT PROGRAM
TRADE-OFF STUDY V - COOLING TOWER OPTIMIZATION
RECTANGULAR MECHANICAL TOWER
(For Commercial Plant)

CCOLING RANGE ~ F ' 17 20 ) 25. 30 35

CCOLED WATER TEMP. -~ F 83 89 94 83 89 94 81 83 ‘89 94 81 83 89 94 81 8)
A. DESIGN CONDITIONS

1. Heat Lcad - 106.Btu/hr 2720 2720 2720 2720 2720 2720 2720 2720 2720 2720 2720 2720 2720 2720 2720 2720

2. Circ. Water - lO3 GPM . 320 320 320 272 272 272 217.6 217.6 217.6 217.6 181.3. 181.3 '181.3 _lBl.J 155.4 155.4
B. TOWER DESCRIPTION

1. No. of Towers . 2 2 1 2 2 1 2 2 2 1 2 2 2 1 2 1

2. Basin.Length (ft) 400 352 400 360 288 400 352 280 280 360 280 240 200 350 240 400

3. Basin Width (ft) 52 52 52 52 52 52 52 52 52 52 52 52 52 52 52 52

4. Height - Overall (ft) 57 51 57 57 57 57 57 57 57 57 57 57 57 57 57 57

S. Pumping Head (ft) 43 43 43 43 43 43 43 “ 43 43 43 43 43 43 43

6. No. Fane/Tower 10 8 10 9 8 10 8 7 7. 9 7 6 5 8 6 10

C. 1NVESTMENT ($1000) A
1. Site Preparation 42 n 22 35 25 21 39 3 2 20 33 7 20 18 23 20

(Grading & Excavation)

2. Piling il 231 165 265 189 157 289 234 184 151 245 201 151 134 168 144



COOLING RANGE ~ F
COOLED WATER TEMP. - F

3. Cooling Tower Basin

4. Iatake Structure

5. Circ. Water Conduit

6. Cooling Tower

7. Circ. Water Pumps & Motors
8. Switchgear & Hiriné

9. Instruments & Controls
TOTAL DIRECT COST

ADJUSTMENTS ($1000)

1. Process Equipment

2. Condensing Equipment

TOTAL ADJUSTED INVESTMENT

EBASCO SERVICES INCORPORATED
SYNTBESIS GAS DEMONSTRATION PLANT PROGRAM
TRADE-OFF STUDY V — COOLING TOWER OPTIMIZATION

RECTANGULAR MECHANICAL TOWER

(For Commercial Plant)

17 20 25
83 83 94 83 89 94 81 83 89 94
180 133 95 153 109 91 167 135 106 87
473 473 473 402 402 402 322 322 322 322
280 280 270 260 260 254 248 248 248 243
3544 2409 1678 3428 2227 1802 3639 2971 2160 1700
1360 1360 1360 129 1129 1129 860 860 860 860
1077 966 886 1072 963 898 861 767 698 653
74 64 63 74 64 63 15 70 60 56
7343 5947 5012 6818 5368 4817 6500 5789 4662 4245
-956 BASE +722 =566  +254 49136 -3n -39  +829 +1482
BASE  +154  +338 439 4213 #4429 +44  +120 4340 +639
638’ 61C1 6072 6291 5835 6182 6212 5870 583F 6366

EXHIBIT 1
Sheet 2 of 3
30 35

81 83 89 94 81 83
142 116 87 1 97 83
2686 268 268 268 230 230
207 207 207 204 177 177
JE35 2569 1788 1521 2504 2035
717 117 717 717 615 615
781 668 601 575 668 486
72 68 58 56 68 60
5600 4841 38%7 1357) 4550 3850
+254  +546 +1404 42067 +839 +R150
+132  +227 4530 1021 4273 4368
5986 5614 5831 666! 5662 538



CODLING RANGE -~ F
COOLED WATER TEMP. - F

ANNUAL COSTS ($1000)

1. Depreciation on

Adjusted Investment

2. Cooling System Energy
@ $0.0185/kwh

3. Drive Turbine
Performance Adjustment
(cost of steam)

4. Eatimated Maintenance

TOTAL ADJUSTED ANNUAL COST

EBASCO SERVICES INCORPORATED
SYNTHZSIS GAS DEMONSTRATION PLANT PROGRAM
TRADE-OFF STUDY V - COOLING TOWER OPTIMIZATION

RECTANGULAR MECHANICAL TOWER

(For Commercial Plant)

EXHIBIT |
Sheet 3 of 3

17 20 25 30 35
83 89 94 8 . 89 94 81 83 89 94 81 83 89 9% 81 83
426 407 405 420 389 412 414 392 389 425 399 374 389 444 ji8 358
1601 143¢ 1317 1343 1256 1140 1274 1139 1036 970 1080 992 892 855 918 870
BASE 4355  +5137 +37 4390 4563 +54  +109  +463  +608 +132 4180 +537  +652 4219 272
113 9. 70 104 86 68 97 86 75 60 84 12 59 52 70 59
2140 228 2129 1904 2121 2183 1839 1726 1963 2063 1695 1618 1877 2003 1580 559



EXHIBIT II

SYNTHESIS GAS DEMONSTRATION PLANT PROGRAM

TRADE-OFF STUDY V
COOLING TOWER OPTIMIZATION

COOLING SYSTEM COST
VS
COOLING RANGE
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FEBASCO SERVICES INCORPORATED EXHIBIT III

Sheet 1 of 3

SYNTHESIS GAS DEMONSTRATION PLANT PROGRAM

TRADE-OFF STUDY V - COOLING TOWER OPTIMIZATION

ROUND MECHANICAL TOWER

(For Commercial Plant)

COOLING RANGE - F 17 20 25 30

COOLED WATER TEMP. - F 83 83 94 83 89 94 83 89 94 83 89 94

1. Neat Load - 106 Btw/hr 2720 2720 2720 2720 2720 2720 2720 2720 2720 2720 2720 2720

2. Circ. Water - 103 €PM 320 320 320 272 272 272 217.6 217.6 217.6 181.3. 181.3 181.

TOWER DESCRIPTION

1. No. of Towers 2 1 1 T2 1 1 2 1 1 1 | ]
2. Basin Diameter (ft) 275 355 315 260 335 290 250° 315 215 ' 355 290 250
3. Height - Overall (ft) 62 62 62 62 62 62 62 62 62 62 62 62
‘b. Pumping Head (ft) 48 «8 48 48 48 48 48 48 48 48 48 48

5. No. Fans/Tower 12 16 13 12 16 1?2 12 13 12 16 12 12



COOLING RANGE - F

COOLED WATER TEMP. F.

INVESTMENT - $1000

1.

9.

Site Preparation

(Grading & Excavation)

. Piling

. Cooling Tower Basin

. Intake Structure

. Circ. Water Conduit

. Cooling Tower

. Circ. Water Pumps & Motors

Switchgear & Wiring

Instruments & Controle

TOTAL DIRECT COST

EBASCO SERVICES INCORPORATED

EXHIBIT III

SYNTHESIS GAS DEMONSTRATION PLANT PROGRAM Sheet 2 of 3
TRADE-OFF STUDY V - COOLING TOWER OPTIMIZATION
ROUND-HECHANICAL TOWER
(For Commercial Plant)
17 20 25 30

83 89 9 83 89 94 83 89 94 83 89 94
189 17 58 167 68 51 155 63 47 76 51 38
1532 624 468 1365 556 415 1208 492 369 593 398 296
737 joo 225 6?5 267 200 580 236 177 284 191 132
473 473 473 402 402 402 322 322 322 268 268 268
292 280 280 270 260. 260 255 248 248 215 206 206
7492 4772 4119 7043 4486 3872 6424 4092 3532 5692 3626 3130
1360 1360 1360 1129 1129 1129 860 860 860 715 715 715
1115 983 861 960 846 741 792 698 611 739 628 544
15 b4 55 75 64 50 75 55 50 64 50 50
13265 893) 7899 12066 8078 7120 10671 7066 6266 8646 6133 5379



EBASCO SERVICES I[NCORPORATED EXHIBIT III (Cont'd)
SYNTHCSIS GAS DEMONSTRATION PLANT PROGRAM Sheet 3 of 3
TRADE-OFF STUDY V - COOLING TOWER OPTIMIZATION
' ROUND MECHANICAL TOWER

(For Commercial Plant) .

COOLING RANGE - F 17 20 25 30

COOLED WATER TEMP. - F 83 89 94 83 89 94 83 .89 94 85 89 94
ADJUSTMENTS

1. Process Equipment -956 BASE  +722 -366  +254  +936 -39 ' +829 +1482 +351 +1404 +2067
2. Condeneing Equipment BASE  +154  +338 ¥39  +213  +429 +120 +340 +619 0227: +530 0!021
TOTAL ADJUSTED INVESTMENT i2309 9087 8959 11539 8545 8485 10752 8235 8387 9224 8067 8467

ANNUAL COSTS

1. Fixed Charges on 821 606 598 770 570 566 117 549 559 - 615 538 565

Adjusted Investament

2. Cooling Systea Energy 1491 1448 1409 1285 1247 1211 1063 © 1029 996 992 926 887
"@7$0.0185/kwh

3. Drive Turbine BASE  #355 4537 437 4390 +56)] +109 +463 4608 +180 +537 +652

Performance Adjustuent
4. Estimated Maintenance 181 121 105 169 113 95 155 97 87 118 85 78

TOTAL ADJUSTED ANNUAL COST 26493 2530 2649 2261 2320 2435 2044 2138 2250 1905 2086 2182




EBASCO SERVICES INCORPORATED -  EXHIBIT IV
SYFTHESIS GAS DEMONSTRATION PLANT PROGRAM Sheet 1 of 3
TRADE-OFF STUDY V ~ COOLING TOWER OPTIMIZATION
NATURAL DRAFT TOWER ]

(For Commercial Plant)

COOLING RANGE - F 17 20 25 - . 30

COOLED WATER TEMP. - F 89 9% 89 94‘ 89 - 9 89 9%
DESIGN CONDITIONS

1. Heat Load - 105 Beu/nr 2720 2720 2720 2720 2720 2720 - ' 2720 2720
2. cir. water - 10° GPH 320 320 272 272 < 217.6 -212.6 181.3  181.3

TOWER Dl'iSCRIPTlO!

1. No. of Towers 1 1 1 { 1 1 1 i
i. Basin Diawetex (ft) 340 290 325 . 280 310 270 280 250
J. Height -~ Overasll (ft) 450 370 450 370 370 350 370 350

4. Pumping Head {ft) 44 40 43 39 - 41 34 39 38



EBASCO SERVICES INCORPORATED EXHIBIT IV
SYNTHESIS GAS DEMONSTRATION PLANT PROGRAM Sheet 2 of 3
TRADE-OFF STUDY V - COOLING TOWER OPTIMIZATION
NATURAL DRAFT TOWER

(For Commercial Plant)

COOLING RANGE -~ F 1 20 25 3o

COOLED WATER TEMP. - F : 89 9% 89 9% . 89 9% 89 9%

INVESTMENT - $1000

1. Site Preparation 74 6] 68 47 62 47 56 44
(Grading & Excavation) )

2. Piling ‘ 570 485 523 358 ‘ 476 359 ’ 430 338
3. Cooling Tower Basin 273 - 232 251 172 ) 228 172 206 162
4. Inteke Structure 473 413 402 602‘ 322 322 ‘ . 268 268
5. Circ. Water Conduit. 280 280 260 260 248 248 . 207 207
6. Cooling Tower 8972 6949 8202 6498 7615 6225. 6381 5700
7. Circ. Water Pumps & Motore 1360 1360 1129 1129 860 860 120 720
8. Switchgear & Wiring 550 550 456 456 347 k1Y) 290 290
9. Instruments & Controle 30 3o 30 Jo 30 3o 3o 30

TOTAL DIRECT COST 12852 10422 11321 9352 10188 8610 8588 7759




EBASCO SERVICES INCORPORATED EXHIBIT IV (Cont'd)
SYNTHESIS GAS DEMONSTRATION PLANT PROGRAM Sheet 3 of 3
TRADE-OFF STUDY V - COOLING TOWER OPTIMIZATION
NATURAL DRAFT TOWER

(For Commercial Plant)

COOLING RANGE - F 17 20 25 30
COOLED WATER TEMP. - 89 9% 89 9% 89 9 89 94
ADJUSTMENTS

1. Process Equipment BASE  +722 +254 4936 +829 +1482 +1406  +2067
1. Condensing Equipment +154  +338 4213 +429 +340  +639 530 +jo21
TOTAL ADJUSTED INVESTNENT 13006 11482 11788 10717 11357 10731 10522 10847
ANNUAL COSTS

1. Fixed Charges on 868 766 786 715 758 716 102 723

Adjusted Investment

2. Cooling System Energy 1095 1095 909 909 693 693 517 517
@ $0.0185/kwWh

3. Drive Turbine +355 +537 4390  +56) +463  +608 +537  +652

Performance Adjustment
4. Estimated Maintenance +129  +104 +113 +94 +104  +608 +86 +78

TOTAL ADJUSTED ANNUAL COST 2247 2502 2198 2281 2016 2103 1902 2030
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SYNTHESIS GAS DEMONSTRATION PLANT PROGRAM
TRADE~-OFF STUDY V
COOLING TOWER SYSTEMS

APPENDIX

ATMOSPHERIC EFFECTS OF ALTERNATE COOLING TOWER OPERATION

I - INTRODUCTION

The purpose of this cooling system study is to qualitatively assess and
compare the atmospheric effects of the following cooling tower

alternatives:
A. Hyperbolic natural draft tower (NDCT).
B. Rectangular mechanical draft tower (MDCT).
C. Round mechanical draft tower (RMDT).

Cooling tower impacts can only be evaluated within the context of site geo-
graphy and location with respect to other facilities. The Baskett Site is
located about two miles south of the Ohio River at an elevation of about
400 ft msl. The terrain is fairly hilly to the south, east, and west of
the site, bur elevations are less than 600 ft msl within five miles of the
site. A relatively flat flood plain extends north of the site to the Ohio

(1) is about 800 feet

River. The proposed location of the cooling tower
northwest of Tscharner Road, 2,000 feet north of the Louisville and
Nashville Railroad, a little less than 1 mile northwest of the town of

Baskett and 1.2 miles north of US Route 60 at its closest point.

The major atmospheric effects associated with cooling tower operation are

the following:



- Elevated visible plumes
- Ground level fogging and icing

- Salt deposition and drift

Most of these atmospheric effects result from the condensation of water
vapor and the entrainment-o% large water drops from the tower by the ex-
haust air. Water vapor condensation may lead to fogging, icing or elevated
visible plumes and the lérge drop entrainment may cause deposition of salts
from the tower onto surrounding environs. Most studies of cooling tower
impact have coancentrated on elevated plumes, ground level fogging and icing
and salt deposition. Very little research has been done regarding the re-
lease of latent heat (and to a much smaller extent, sensible heat) during

tower operation and the associated convective instability.

The selected tower type for the Demonstration Plant will have a circulating
8 Btu/hr.
The Commercial Plant tower will have a circulating water rate of 181,000

9 Btu/hr. Design dry bulb and

water rate of 60,400 gpm and a heat rejection rate of 9.07 X 10

gpm and a heat rejection rate of 2.72 x 10
wet bulb temperatures for both Plants are 85°F and 76°F respectively.
Cooling tower parameters for the Demonstration and Commercial Plants are
given in Tables 1 and 2, respectively, and a representative drift mass dis-

tribution for the alternate tower types is given in Table 3.
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II - EVALUATION OF ATMOSPHERIC EFFECTS

A - ELEVATED VISIBLE PLUMES

Elevated visible plumes are caused by the condensation of water vapor and
are therefore, relatively free of ihpurities. Warm saturated air leaving
the tower mixes with cooler, drier ambient air. Because of the non-linear
relationship between saturation vapor pressure and air temperature, the
mixture 1s usually supersaturated and the excess moisture condenses in the
form of an elevated visible plume. The plumes generally rise to heights of
1,000 to 3,000 feet with no impact at ground level. These elevated plumes
are considered the primary atmospheric effect of NDCT and RMDT operation,
but are not considered a significant factor in MDCT operation (2) . The
effluent from these relatively low towers does not rise to the heights of
NDCT and RMDT plumes. Furthermbre, these low level MDCT plumes are dis~
persed relatively close to the tower due to the fan operation and tower

downwash.

Based on a ten-year period of record (1951-1960) at Evansville, Indiana,
the dominant directions of the elevated plumes would probably be south~
east and north-northeast of the tower. A study by Smith (3) indicates
that 93 percent of the elevated plumes from selected NDCT in Ohio and West
Virginia dissipated within two miles of the tower. Plumes from the Demon-
stration and Commercial Plant NDCT or RMDT should be shorter than those
studied by Smith, '

The closest airports to the Baskett Site are EvansQille, located 12 miles
northwest, Henderson, located 12 miles southwest and Owensboro, located 20
miles southeast of the site. NDCT and RMDT plumes would not extend to
these distances and, therefore, are nof expected to interfere with airport

air traffic.
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B - GROUND LEVEL FOGGING AND ICING

Tower induced fogging at ground level occurs when relatively low level
plumes from MDCT (and infrequently from RMDT) are brought down to the
earth's surface. Such fogging is generally evaluated in terms of frequency
exclusive of periods of natural fog. Ground level icing occurs when all
criteria are present for tower induced fogging and the temperature of ob-

jects impacted by the plume is 32°F or less.

Observationé indicate that significant fogging and icing caused by cooling
towers do not usually extend beyond 2,000 feet from the tower (4)
Since Tscharner Road is 800 feet southeast of the proposed tower, tower in-
duced fogging along this highway is a potentially significant factor asso-

ciated with MDCT operation. Tower induced fogging along the Louisville and-
Nashville Railroad is expected to be less significant due to its greater

distance from the tower.

Ground level fogging and icing are generally not considered significant

(5) (2)

effects of natural draft tower operation According to Carsonm,
ground level fogging from ground towers is greater than that from natural
draft towers but less than the fogging due to rectangular tower operation.
Plumes from hath natural draft and round towers usually attain greater
heights than those from rectangular towers and there is no elevated terrain

of sufficient height in the site vicinity which could lead to plume im-

pingement.

C - SALT DEPOSITION AND DRIFT

A smaller fraction of the circulating water in a cooling tower is entrained
in the air rising out of the tower. These water droplets which comtain
dissolved and suspended chemicals are called drift. Table 3 gives a repre-
sentative drift mass distribution for the cooling tower types being con-

sidered for the Demonstration and Commercial Plants. Most of the solid



material carried in these droplets from freshwater cooling towers is cal-
cium sulfate and these "salt" drift droplets may be carried downwind from

the tower and subsequently fall to ground level.

Carson has reviewed the literature pertaining to salt deposition from
freshwater cooling towers (?) He concludes that these towers, equipped
with state-of-the-art drift eliminators, will have 'very small" deposition
rates, and that most of the drift will fall to the ground within two thou-

sand feet of the tower.

Roffman indicates that salt deposition rates from NDCT are lower by a
factor of five than from MDCT but that the salt drift will travel further
(6)

downwind from the tower and affect a greater area Salt deposition
rates from RMDT also are less (but affect a larger area) than those from
MDCT. These differences are generally a result of the greater heights of

NDCT and RMDT compared to MDCT.
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III ~ RESULTS

The results of this study indicate that the major effect of NDCT and RMDT
operation at the Demonstration and Commercial Plants would be the genera-
tion of visible elevated plumes. Possible impacts of such plumes are

aesthetics, ground shading and reduction in visibility to aircraft flying
at plume level. No interference with airport air traffic, however, is ex-

pected from these plumes.

The major atmospheric effect of MDCT operation is the potential~for tower
induced fogging on Tscharner Road, located 800 feet from the proposed tower
‘location. Possible mitigative measures include relocating the tower to a

greater distance from Tscharner Road and orientation of the tower to minimize

tower induced fogging due to downwash.
Salt deposition in the nearby Site region will result from the operation of

any one of the three alternate cooling tower types, but salt deposition

rates are generally low from freshwater tower operation.
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TABLE 1

COOLING TOWER PARAMETERS* FOR DEMONSTRATION PLANT

BASKELT SITE

RECTANGULAR ROUND .
1 NATURAL MECHANICAL MECHANICAJ,
PA’.lANETER( ) DRAFT DRAFT DRAFT
Design Dry Bulb Temp (F) 85 _ 85 85
Deeipn Vet Bulb Temp (F) 76 8 76 8 76 8
Heat Rejeczion Rate (Btu/hr) 9.07 x 104 9.07 x 10 9.07 x 0
Civculating Water (GPM) 6.04 x 10 6.04 x 10 6.04 x .0
Exit Velocity (:/sec) 2.1 7.0 6.6
Nuwsher of Towvers 1 1 1 -
Salt Concentration (ppm) 2,000 2,000 2,00
Towver Weight (I't) 272 42 65
Tower Longth (ft) - 210 -
Towvar Widch (£t) - 64 -
Dizacter at Top Tower (ft) 131 C - _ 144
Diancter at Lase Tower (ft) 218 - 144
Nueber of Fans 0 3 5
Fan Diamcter (ft) - 42 33
Drift Rate (%) 0.002 7 0.005 7 0.005 7
2,27 x 10 2.28 x 10

Air Flow (1b/hr)

2,28 x 10

(L PARAMEIERS ARE GIVEN FOR DESIGN CONDITIONS,

DATA SOURCE: EBASCO SERVICES, MAY 1978.

* BASED ON PRELIMINARY SELECTION AND APPROXIMATED FOR ENVIRONMENTAL CONSIDERATION.

viti



 TABLE 2

COOLING TOWER PARAMETERS* FOR COMMERCIAL PLANT

BASKETT SITE

RECTANGULAR

ROUND

(1) NATURAL MECHANICAL MECHANICAL
PARAN LT RS DRAFT _DRAFT DRAFT
Design Doy Bulb Tewxp (F) 85 85 85
Design Wt Bulb Temp (F) 76 9 76 9 76 9
Heat Rej:ction R.te (Btu/hr) 2,72 x 105 2.72 x 10 2.72 x 10
Circulating Water (GPM) 1.81 x 10 1.81 x 10 ©1.81 x 10
Lxit Veloceity (m/sec) 3.5 6.3 7.3
Mueil exr o Towurs 1 1 1
Salt Con.ontraticn (ppm) 2,000 2,000 2,000
Tow.r Neizht (EL) 374 40 ' 65
Tow.:c Leasth (ft) - 630 -
Tower Wiath (£t) - 64 -
Diameter at Top touver (ft) 180 - 250
Diameter at Base Tover (ft) 299 - 250
Ravbar o Fans 0 9. 14 -
Yau Diawmter (ft) : - 42 33
Drite Race {7) - 0,002 7 0.005 7 0.005 7
6.81 x 10 6.85 x 10 6.80 x 10

Air Flow (1b/hr)

(1) PAR VAETERS RE GIVEN FOR DESIGN CONDITIONS.

DAT\ SOUCE: ECASCO SERVICES, MAY 1978

* BAS.:D ON PR:L1'LINARY SELECTION AND APPROXIMATED FOR ENVIRONMENTAL CONSIDERATION.
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TABLE 3

DRIFT ASS DISTRIBUTION FOR ALTERNATE CCOLING TOWERS

BASKETT SITE

DROP DIAITER DRIFT MASS
(MICRONS) ~{PERCEXD)
<50 . 40
50-100 24

100-200 10
200-350 7
350-500 9
> 500 .10

ALTERNATE COOLING TOWER TYPES ARE HYPERBOLIC NATURAL
DRAFT, RECTANGULAR MECHANICAL DRAFT AND ROUND
MECHANICAL DRAFT.

DATA SOURCE: EBASCO SERVICES, MAY 1978.





