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EXECUTIVE SUMMARY 



BACKGROUND 

THE HYDROGEN ECONOMY 

The fossil energy reserves of the world are limited and will 

be severely depleted in the next few hundred years. This deple­

tion period will be characterized by increasing production costs 

and shortages. These events portend a grave danger to our soci­

ety since fossil fuels constitute the backbone of our energy 

supply. Energy supplies, however, are not truly limited as our 

present usage might imply. Nuclear fission fuels, solar energy, 

and fusion fuels have the potential to fully replace fossil fuels 

at a considerably higher energy utilization level for a time 

period consistent with the life of our planet. Thus, energy 

shortages do not constitute an insoluble problem. 

In spite of this favorable finding, energy carriers will 

undergo a considerable transition, particularly in the chemical 

fuel sector, which at present produces the lion's share of the 

energy we use. Probably electrification will increase. That is, 

battery-operated vehicles will become much more prevalent, house 

heating and cooling will tend toward electrical, etc. However, 

the demand for chemical fuels will remain. Electrifying the 

transportation sector appears to be limited. Aircraft and ships 

need fuel that will be difficult to supply through batteries or 

high-tension lines. Automobiles will probably continue to use a 

chemical fuel. 

As shortages in petroleum products increase, a shift to a 

more basic chemical fuel is expected to occur. This more basic 

fuel appears to be hydrogen. Since it does not occur in quantity 

in a free state on the earth, it will have to be manufactured. 

The only logical long-range source of hydrogen is water. To re­

lease hydrogen from water requires energy. Thus, hydrogen, like 
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electricity, is manufactured from other prime energy sources, 

such as thermal energy, electrolytic energy, or photoenergy. 

HYDROGEN FROM THERMAL ENERGY 

The production of hydrogen from thermal energy supplied by 

nuclear or solar sources appears to be the most practical appli­

cable technique with our present-day knowledge and ability. This 

can be done in a number of ways. The simplest technical concept 

to most of us is the application of electricity generated from 

thermal energies in an electrolysis process to decompose H2O into 

H2 and 02* This, however, is not the only way; moreover, it is 

not necessarily the most economical way. 

During the last two decades, a method of applying high-tem­

perature process heat directly in certain chemical processing 

schemes has been recognized and studied. This is the beginning 

of the determination of the most economical method of producing 

hydrogen. These methods are categorized as thermochemical water-

splitting techniques. The currently favored chemical cycles 

utilize process heat at up to ~1200OC in forcing endothermic 

chemical reactions to occur. A classical example of this type of 

reaction is the decomposition of H2SO4 into H2O, SO2, and 02. 

This particular reaction is utilized by all three of the major 

thermochemical H2 cycles undergoing engineering development at 

this time. 

WATER SPLITTING AT GENERAL ATOMIC 

The sulfur-iodine water-splitting cycle is characterized by 

the following three reactions: 

2H2O + SO2 + 12-^ H2SO4 + 2HI 

H2SO4 > H2O + SO2 + 1/2 O2 

2HI -̂  H2 + I2. 
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This cycle was developed at General Atomic after several critical 

features in the above reactions were discovered. These involved 

phase separations, catalytic reactions, etc. At a point when 

these reactions were reasonably well characterized in the labora­

tory, estimates of the energy efficiency of this economically 

reasonable advanced state-of-the-art processing unit produced 

sufficiently high values (to ~47%) to warrant cycle development 

effort by DOE along with GA and its sponsors, at that time the 

American Gas Association and the Gas Research Institute. The DOE 

contract was largely directed toward the engineering development 

of this cycle, including a small demonstration unit (CLCD), a 

bench-scale unit, engineering design, and costing. Some labora­

tory development of the cycle has also been done as part of this 

contract. This effort since 1977 is presented in the body of 

this report. The work has resulted in a design that is projected 

to produce H2 at prices not yet generally competitive with fos­

sil-fuel-produced H2 but are projected to be favorably competi­

tive with respect to H2 from fossil fuels in the future. Also, 

large thermochemical plants project to be competitive with elec­

trolytic processes because of favorable plant size scaling 

relationships. Thus, while H2-producing technologies have not 

been developed to their ultimate capabilities, present projec­

tions are quite favorable for water splitting, and in particular 

the GA sulfur-iodine cycle as discussed by Ekman (Ref, I) . At 

present the cycle is being developed for high-temperature heat 

sources such as the HTGR, solar power tower technology, and the 

LLNL Tandem Mirror Fusion Reactor. 

OVERVIEW OF THE HYDROGEN PRODUCTION PROCESSES 

Fossil Sources of Hydrogen 

The major source of H2 at present is natural gas reforming. 

An anticipated major future supply is coal gasification. As long 

as these fossil supplies are inexpensive and by-product gas 

(principally CO2) formation is acceptable, hydrogen will most 
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economically be produced from fossil sources. This situation, 

however, is clearly limited because of the very nature of fossil 

energy. The rate of usage is of the order of millions of years 

of deposited fossil fuel per year. This can be possible mathe­

matically for only a few centuries at best, and a cost crossover 

will occur long before fossil fuels are exhausted. 

ELECTROLYTIC PROCESSES FOR HYDROGEN PRODUCTION 

There are a number of electrolytic processes for producing 

H2 from H2O, These take some form of aqueous electrolysis (usu­

ally from an alkaline solution), special electrolytes such as 

GE's solid polymer electrolyte, and high-temperature electrolysis 

usually employing a doped Zr02 electrolyte. These processes are 

subjects of development efforts with the goal of establishing 

their costs. All of these processes depend on generated elec­

tricity to a greater or lesser extent (e.g., high-temperature 

electrolysis uses less electricity and more process heat) and 

thus are subject to the generation costs. Electrical generation 

at present is less than 40% efficient and more often nearer 30%, 

It is not expected that electrolytic processes will approach 100% 

efficiency (120% is possible); thus, a considerable efficiency 

gap exists in which a more efficient process may be developed. 

The gap may be closed in two ways: by more efficient (1) elec­

tricity generation and (2) electrolysis. However, the cost of 

the generated hydrogen is the real factor which should be mini­

mized in any production scheme and not the efficiency of the 

process. It is unlikely that electricity generation costs have 

truly been minimized, and efforts to minimize such generation are 

still warranted. Process heat, however, being the precursor to 

electrical energy, is expected to be a less expensive form of 

energy. 

Alkaline electrolysis is a seasoned, well-established form 

of H2 production. Nevertheless, it has not been optimized for a 

hydrogen economy. Techniques to increase current densities 
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(rates) are very important. A portion of this increase will come 

by operating at higher temperatures (and pressures). Materials 

problems (cell construction, electrodes, membranes) are paramount 

in developing this technology. 

Solid polymer electrolyte electrolysis is being developed by 

General Electric. The electrolyte (Nafion) is very expensive. 

The Nafion membrane serves as the separator membrane and the 

electrolyte. Catalytic electrodes contact the electrolyte. 

Water is supplied to the electrolyte while H2 and O2 are ducted 

out. The cell is operated up to 150^0. GE is attempting to 

scale up the concept as a method of reducing the cost of H2 

produced. 

High-temperature electrolysis is closely related to high-

temperature fuel cells. In the electrolysis case H2O is fed in 

and H2 and O2 are the products of electrolysis, while the oppo­

site is true for an H2-O2 fuel cell. High temperatures reduce 

the electrical energy required due to decreasing free energy 

requirements for decomposing water and reduce the oxide ion 

transfer resistance in the Zr02 electrolyte. The problems here 

are the same as those of the fuel cell—cost and reliability of 

the Zr02 membranes. The system is simple and, if sufficient flux 

of products can be achieved at reasonable capital and maintenance 

costs, the concept could be economically viable, 

Photoelectrochemical water splitting is an emerging tech­

nology. Potentials are generated by the interaction of light on 

high-band gap semiconductors. While current densities are not 

apt to be high, the major problem still remains the cost of the 

required device surface area to collect the solar energy, 

HYBRID THERMOCHEMICAL WATER-SPLITTING PROCESSES 

The hybrid thermochemical sulfur cycle at Westinghouse com­

bines H2SO4 decomposition with the electrolysis of SO2-H2O mix-
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tures. The potentials required by this electrolysis are greatly 

reduced from those of conventional electrolysis. However, achiev­

ing comparable current densities with H2O electrolysis is a 

distant goal. This means that the electrolysis capital cost is 

high but the power requirement is low. The system also requires 

considerable high-quality process heat to decompose the H2SO4. 

The hybrid bromine-sulfur cycle of the Commission of Euro­

pean Communities JRC Ispra Establishment avoids to a degree the 

major portion of the current density problem with electrolyzing 

SO2 by electrolyzing the product of a Br-S02-H20 reaction—that 

is, HBr, Electrode kinetics are generally better for this elec­

trolysis. It is also true that the theoretical potential is 

somewhat higher. The reaction between Br2f SO2, and H2O can 

produce quite concentrated reactants, which means that less pro­

cess heat is required to decompose the H2SO4, while the HBr is 

produced at a very high activity. The process has the same 

comparative requirements as the sulfur cycle with respect to 

direct water electrolysis in having a higher capital cost than 

the direct electrolysis and having to make this up by lower 

energy costs, 

PURE THERMOCHEMICAL WATER-SPLITTING PROCESSES 

While the same capital versus energy arguments appear to be 

in order for a pure thermochemical cycle such as the GA sulfur-

iodine cycle, the comparison is far less obvious. This is be­

cause electrolytic cells do not scale favorably with the size 

of the hydrogen-producing system after a very nominal size. 

Electrode surface areas cannot be made cheaper as they are made 

larger than this nominal size. Unit repetition is the only tech­

nique for increasing capacity. On the other hand, the produc­

tion of chemical reactor vessels is dependent upon the volume of 

the reactor. Costs of reactor volumes scale quite favorably up 

to very large sizes. Thus, a more complicated pure thermochemi-
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cal cycle has the possibility in large sizes of overcoming capi­

tal cost advantages of the simpler electrolytic processes in 

small systems. Thus, pure thermochemical water-splitting cycles 

have distinct properties that set them apart from other proces­

ses, and a much deeper analysis is required before a judgement on 

economic competition can be made. 

THE SULFUR-IODINE CYCLE 

The sulfur-iodine cycle, developed at GA, is a fully thermo­

chemical water-splitting cycle which utilizes process heat at 

qualities consistent with the temperatures readily deliverable by 

HTGRs, some fusion reactors, and solar CRTs. It uses the high 

temperatures from these sources to decompose H2SO4, Lower tem­

peratures are used to process moderately concentrated H2SO4 

solutions (57%) to azeotropic H2SO4 (98%) and to process H2O-

HI-I2 solutions and decompose HI to H2 and 12* In the course of 

processing these solutions, energy is required to separate H2O 

and HI. This is done, at present, using a concentrated H3PO4, 

Other processing schemes are being developed that may require 

less energy and less capital equipment. The remaining subprocess 

is the formation of the H2SO4 and HI-H2O-I2 solutions. This is 

done in an exothermic reaction at ~120OC, and the considerable 

heat must be removed from the products of reaction and utilized 

as economically feasible. The processing scheme for this cycle 

where the reactants and products are fluids only is shown in Fig. 

I-l. 

The cycle has been under development during the last decade 

and has shown considerable promise of being economical. A major 

portion of the needed technical data has been derived from this 

effort. The cycle has been bench-tested in a small unit designed 

for the production of 1 liter of H2 per minute. Although the 

unit was operated in a series of unit operations, it has not been 

operated as a single unit. 
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Another effort has involved the estimation of efficiency of 

the cycle and cost of the hydrogen produced in a major production 

facility. Design efforts have involved coupling the cycle to 

both fusion and solar heat sources. In these cases the cycle 

promises to produce hydrogen at future prices that are attrac­

tive. The cost estimates for a 3 000-MW fusion reactor are about 

ll$/MBtu H2. 

The goals of the development work on the sulfur-iodine cycle 

are to bring this concept to a stage where it can be compared 

with other hydrogen-producing technologies so that engineering 

economics can be used to determine whether it deserves to be 

developed as the sole method or one of the methods of choice for 

the hydrogen economy. During the present efforts, much shorter 

goals must be pursued. These are: 

1, Uncover and develop the technical features of the cycle 

in a scientific sense, 

2, Develop engineering evaluations of the performance of 

the cycle. 

3, Uncover the weaknesses of the cycle to determine if any 

one of these is so limiting as to disqualify the cycle 

as a future production scheme. 

The work at GA has continually strived toward these goals, 

PROCESS DESCRIPTION 

The overall process for the sulfur-iodine cycle has been 

divided into five sections to facilitate the flowsheeting effort. 

Four of the sections pertain to the chemical process, and the 

fifth describes the heat and energy transport systems. Insofar 

as practical, the four process sections are designed as indepen­

dent units with a minimum of energy and process flow interconnec­

tions, A generalized flow diagram for the process is presented 

in Fig, I-l, 
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Section I contains all equipment associated with the prime 

chemical reaction, which produces the two separate acid phases 

from water, sulfur dioxide, and liquid iodine, since the sulfur 

dioxide occurs initially as a mixture with oxygen, or in the 

solar flowsheet with nitrogen. Section I also contains facilities 

for cleaning the diluent gas prior to disposal. The chemical re­

action of Section I is exothermic, so no heat input is required. 

Significant heat transfer is involved in removing the excess heat 

of reaction to the waste heat recovery system. 

The most recent Section I flowsheet was produced in 1981, 

This design was based upon minimizing the hydrogen production 

cost rather than maximizing process efficiency, which had been 

the goal in previous design efforts. The design is characterized 

by standard chemical engineering unit operations such as packed 

columns for mass transfer operations and shell and tube heat 

exchangers for the heat transfer operations. Temperatures in 

this section are low enough that fluorocarbon-lined mild steel 

may be used for all vessels. The only unusual material require­

ment is the specification of niobium for the tubes of the ex­

changer which removes the exothermic heat of reaction. 

Section II encompasses all the equipment required to concen­

trate, vaporize, and decompose the sulfuric acid product from 

Section I, Included are considerable heat transfer facilities 

for reuse of the waste heat from the high-temperature processes 

at lower temperatures. Since the sulfuric acid decomposition 

process requires a great deal of thermal energy at the highest 

temperatures encountered in the process. Section II must be tai­

lored to the specific heat availability curve of each proposed 

heat source. 

The latest Section II developed under this project was 

issued in 1979. This Section II was matched to an HTGR heat 

source. Since that time. Section II designs have been produced 
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for solar heat sources and fusion heat sources under separate 

funding. The 1979 flowsheet was developed during the time when 

maximization of thermal efficiency was the guiding rule for 

water-splitting process development. The multistage flash evapo­

ration with multiply interconnected vaporizers and condensers for 

each stage and vapor recompression heat reuse of the 1979 flow­

sheet has been replaced with a simpler, albeit less efficient, 

evaporation scheme in the latest Section II design (Ref. II) 

produced by Lawrence Livermore National Laboratory as part of a 

joint GA-LLNL design of a fusion-powered water-splitting plant. 

In Section III, pure liquid HI is produced from the I2-H2O-

HI reaction product of the prime reaction. The I2 is first 

separated from H2O-HI; then the HI is separated from the water. 

Conceptually, the latter separation is the more difficult since 

HI and water form an azeotrope and thus they cannot be separated 

by distillation. Both of these separations are accomplished by 

the same agent, i.e,, H3PO4, The phosphoric acid acts both to 

extract the HI and water from the iodine phase and to complex the 

water so that the HI can be distilled away from the H3PO4-H2O 

solution. 

The most energy and capital intensive part of Section III is 

the separation of the H3PO4-H2O solution. This is accomplished 

in the very efficient though capital intensive method of multi­

stage flash evaporation with vapor recompression. 

The latest version of Section III was produced in 1981. 

This version was both more efficient and less expensive than the 

previous version. The major difference was that the HI distilla­

tion was accomplished at a pressure high enough to produce liquid 

rather than gaseous HI, Production of liquid HI lowered the max­

imum required H3PO4 concentration from 100% to 96%, thus elimi­

nating one stage of evaporation and vapor recompression. 
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The final process step occurs in Section IV where the liquid 

HI is decomposed and the H2 product is separated from the reac­

tion medium. The 1981 design is a minor upgrading of the 1979 

version. A slight efficiency improvement occurred through a 

refinement of the previous design, but the major change was spec­

ification of a method of removing impurity H2S from the hydrogen 

plant, which had not been defined in the previous flowsheet. 

Since Section V specifies the interconnection between the 

process and the heat source, it must be tailored specifically to 

each heat source. Section V was specified for an HTGR heat 

source in 1979. Since that time, new Section Vs have been speci­

fied for solar and fusion heat sources under separate funding. 

Section V designs also provide for the generation of any elec­

tricity or shaft power required for process pumps or compressors. 

Insofar as possible, this is obtained via waste heat reuse in 

power bottoming cycles, 

PROCESS COST AND ECONOMICS 

Based on the solar adaptation of the latest flowsheet, a 

500-MWt GA sulfur-iodine water-splitting plant was designed to 

the extent that preliminary cost estimates could be made. At 

this level of design, the size and materials of construction are 

specified for the major pieces of process equipment. Standard 

costing techniques can then be used to estimate the installed 

capital cost and the yearly operating cost. 

As specified in this report, capital charges were included 

for the complete chemical plant and for the solar energy trans­

port and conversion facilities. The mirror field and power tower 

structures were not designed. The cost of the solar facilities 

was included in the cost estimate as an operating cost. It is 

assumed that in time solar energy will become competitive with 

nuclear energy. Thus, a cost typical of a process heat HTGR, 

$2,50/GW, was used as the basic solar energy cost. 
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Estimating the basic capital and operating costs is reason­

ably straightforward, but converting these numbers into a final 

hydrogen cost requires financing assumptions. Constant dollar 

(July 1980) public utility financing was assumed. Public utility 

financing assumes that the total capital is financed by debt. 

This gives a higher production cost than if equity financing were 

involved but a lower sales price since no provision is made for 

profit. Constant dollar financing eliminates the vagaries of 

inflation and in essence gives the cost that would be character­

istic if the plant were already in operation. In the analysis, a 

July 1980 dollar was assumed as a basis, and a 5% real cost of 

money superimposed upon the unspecified variable inflation rate 

was further assumed. 

Under the stated assumptions, the cost of hydrogen from a 

solar-powered, 500-MWt GA sulfur-iodine water-splitting plant is 

conservatively estimated to be 17.96 to 21.58 $/GJ. Under spon­

sorship of the Office of Fusion Energy, using the same assump­

tions, the cost of hydrogen from a fusion-powered 3000-MWt GA 

sulfur-iodine water-splitting plant was found to be 10.32 to 

11.53 $/GJ (Ref. II). These hydrogen costs may be compared with 

the predictions of Karl Ekman of JPL (Ref. I) for the projected 

cost of hydrogen from various sources versus time. Figure 1-2 

shows Ekman's predictions together with the GA cost estimates. 

To facilitate the comparison, Ekman's costs have been rescaled to 

reflect a change in the base dollar from 1979 to July 1980 (15%) 

and the energy unit converted from MBtu to GJ. 

It should be noted that, because future improvements reduc­

ing the cost of solar heat were assumed, the exact placement in 

time of the solar cost estimate is not possible since it will 

occur only when this cost reduction has been accomplished. 

Thermochemical water-splitting is capital intensive and so 

are the candidate heat sources: solar, fusion, and HTGR. The 

resultant cost of hydrogen is thus sensitive to the capital cost 
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of the water-splitting plant, the capital cost of the heat 

source, and the thermal efficiency of the water-splitting plant. 

The effect of these variables is discussed in Appendix E, but the 

results may be generalized as follows: the optimum plant effici­

ency decreases as the ratio of thermochemical plant cost to heat 

source cost increases. Decreasing the cost of the heat source 

will thus permit a lower efficiency and less complex design for 

the thermochemical plant. Decreasing the thermochemical plant 

cosjbf at constant thermal efficiency, will have a significant 

effect on the capital cost. 

This report indicates that the Section II sulfuric acid 

processing capital costs are major in the chemical plant capital 

costs for solar-powered water-splitting. This is in contrast to 

the fusion-powered water-splitting case (Ref. 11) where the 

Section III, H2 Purification, capital costs dominate. 

Future work to reduce the capital cost should emphasize most 

costly parts of the process. These then will depend upon the 

heat source being considered, 

CONCLUSIONS AND RECOMMENDATIONS 

ACCOMPLISHMENTS 

Most of the technological developments which established the 

credibility of the sulfur-iodine cycle were achieved on GA's pri­

vately funded program. The two-phase separation of the products 

of the H2O-SO2-I2 Bunsen reaction wherein the H2SO4 phase is 

nearly devoid of HI and the HI phase is similarly devoid of H2SO4 

was discovered early in GA's efforts and is the cornerstone of 

the cycle. 

The thermal decomposition of H2SO4 was also studied. This 

reaction was found to be slow at temperatures below 900OC and 

needed to be catalyzed. In an extensive effort at GA, catalysts 
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were identified that very greatly accelerated this decomposition 

at temperatures as low as SOQOc where the equilibrium (at atmos­

pheric pressures) highly favors undecomposed SO3. 

It was also found that SO2 need not be separated from O2 

before it is used in the Bunsen (H2O-SO2-I2) reaction and that 

this reaction can be used to clean up the oxygen for discharge. 

The use of H3PO4 to free the HI from the phase in which it 

is manufactured was also developed. The HI is freed from the H2O 

and I2 contaminants by this reagent. The I2 is recovered as a 

second phase, while the H2O is left as a residue in the H3PO4 

when the HI is distilled. Finally, the water is distilled from 

the H3PO4. 

Catalysts were developed for the decomposition of HI. Dur­

ing this work it was discovered that active catalysts could 

decompose HI present as a liquid. This allows a considerably 

enhanced conversion of the HI to be achieved, thus minimizing 

recycle and making pipeline quality H2 (50 Bar). 

A phase separation which allows the attainment of a nearly 

dry HI liquid phase in the presence of H2O and I2 was discovered. 

This separation presents an opportunity to achieve dry HI liquid 

with a lesser expenditure of energy. 

The use of HBr in place of H3PO4 as an agent to separate the 

H2O-HI-I2 product solution was discovered. This process was 

later partially developed under the DOE program. 

Materials of containment were established for all of the 

process fluids under projected process conditions. The cycle 

chemicals are quite corrosive and therefore ordinary materials 

were often found to be inappropriate, but certain materials used 

for commercial corrosive systems were found to contain these 

chemicals satisfactorily. 

1-16 



A continuation of the development effort has been carried 

out under DOE programs. This effort has been directed toward the 

improvement of certain of the cycle's operations or toward match­

ing the process to available process heat. The continued effort 

on the HBr resolution of HI-H2O-I2 solutions has been studied to 

determine the efficacy of the HI extraction with HBr, the ability 

to recover HBr and the energy requirement to do so, and the fate 

of HBr not recovered- but sent back to the Bunsen reactor for 

enrichment in HI. These questions have been sufficiently re­

solved so that an engineering estimate on the process can and is 

being made. 

A better operational catalyst for decomposing HI(«,) has been 

found in the field of homogeneous catalysis. High conversions of 

HI (a) to H2 and I2 are retained while the catalyst remains tot­

ally unaffected by the process and can easily be recycled to the 

catalytic reactor. 

Efforts on fitting the sulfur-iodine cycle to solar systems 

have required the consideration of heat storage systems. In this 

area, a potential seasonal storage system as well as a diurnal 

system has been discovered. The process makes S and H2SO4 from 

SO2 and H2O and later burns it to SO2 to release stored chemical 

energy of high quality. The produced SO2 can be used directly in 

the sulfur-iodine cycle and can be converted to more S and H2SO4. 

Direct heat exchange systems have been devised in which 

fluids are directly contacted to accomplish transfer of heat. 

Such a process saves heat exchange surfaces and makes the recov­

ery of low-temperature heat more economical for, e.g., the heat 

generated in the H2O-SO2-I2 reaction. 

The major task of the DOE-supported work at GA has been the 

engineering development of the sulfur-iodine cycle. This has 

included at least two stages of cycle design and efficiency exam-
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ination. Evaluation has been addressed for HTGR, solar, and 

fusion heat sources. The efficiency evaluations have provided 

values from 47 to 40% depending on the heat source, with solar 

being the lowest because of requirements for solar energy 

storage. 

Capital cost studies for the various designs have been made. 

The results of these studies provide credibility to the cycle as 

a developing method of producing H2. 

Early in the DOE contractural studies a chemical demonstra­

tion unit was built and operated. The unit was operated on 

recycle materials and was shown to produce H2 and O2 in a contin­

ual manner. The operation of the unit was filmed and copies of 

the film were distributed to DOE and other sponsors. 

A 1-liter H2/niinute bench-scale unit was constructed as part 

of an engineering evaluation of the process. The individual unit 

operations of the sulfur-iodine cycle have been tested in this 

unit. The solution reaction and the H2SO4 processing was brought 

to cycle integration readiness. The HI processing units were all 

operated, redesigned where necessary, and rebuilt. The bench-

scale unit has not been tested as an integrated unit. This uni­

fied operation was not programmed for this early in the effort. 

The development effort on the GA cycle has demonstrated good 

prospects for engineering viability of the cycle. Moreover, the 

R&D effort has provided new methods which promise to improve this 

viability. This is recognized in an analysis by Ekman (Ref. 1). 

Development of the GA sulfur-iodine cycle is continuing through 

DOE sponsorship in efforts to adapt it to solar energy sources 

and fusion reactors. 

Major accomplishments of the work on the sulfur-iodine cycle 

at GA are summarized as follows: 
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1. Phase separation for H2SO4 and HI solutions. 

2. Catalysts for H2SO4 decomposition. 

3. Azeotrope breaking for HI-H2O solutions using H3PO4. 

4. Catalytic decomposition for liquid HI. 

5. Direct utilization of SO2-O2 gases in the H2O-SO2-I2 

reaction. 

6. Balanced scrubbing of SO2 and I2 from O2 effluent. 

7. Identification of viable materials of containment. 

8. Identification of HBr as a substitute for H3PO4 in 

HI-H2O azeotrope breaking. 

9. Phase separations for H2O-HI solutions from HI( ). 

10. HBr use as a substitute for H3PO4 in HI-H2O azeotrope. 

11. Homogeneous catalysis system for HI( ) decompostiin. 

12. Identification of a solar durnal and seasonal energy 

storage system utilizing sulfur, which on demand is 

capable of creating high-quality heat. 

13. Identification of direct heat exchange systems for 

minimizing heat exchange surfaces. 

14. Design and efficiency evaluation of the sulfur-iodine 

cycle for HTGRs, the Tandem Mirror Reactor for fusion 

and solar CRT systems. 

15. Capital cost studies for these designs. 

16. Design, construction, and operation of a demonstration 

unit for the cycle. 

17. Design, construction, and operation of the individual 

units of a 1-liter/min H2 bench-scale unit for the 

cycle. 

COST BENEFIT ANALYSIS 

The Hydrogen Economy 

Use of hydrogen as an energy transport medium enables non-

fossil energy sources to replace fossil fuels for applications 

where electricity is impractical or too costly. In a hydrogen 
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economy, demand for transportation fuels, residential and commer­

cial heating, and industrial process heat can all be met with 

hydrogen by using nonfossil energy sources such as nuclear fis­

sion, fusion, or solar. 

There are presently of the order of 10 competing techniques 

for producing hydrogen. It is too early in the state of technol­

ogy development to know which technique will be least costly, but 

it is reasonable to assume that one of these will be at least 10% 

less costly than any of the others. An R&D program to identify 

the least costly technique could conceivably cost $1 billion over 

the next 30 years. As information is obtained, the more promis­

ing techniques would be developed further, while the less promis­

ing ones would be dropped or retained as backup technologies. 

Using present value analysis, it can be shown that the pres­

ent value of future cost savings greatly exceeds the present 

value of R&D costs. Assuming first that the present value of R&D 

costs is $1 billion, the average annual R&D expenditures over the 

next 3 0 years would be $65 million, using a 5 real discount 

factor: 

Present value of cost = 10^ = 65 x 10^ n - (1.05)-30] . 
0.05 

The future benefit resulting from this R&D expenditure is 

estimated to be $30 billion per year starting at the time the 

lowest-cost hydrogen technology is fully deployed. This deploy­

ment could occur within the next 30 to 50 years. This estimate 

assumes that future U.S. non-electric energy expenditures are 

equal to the present $300 billion per year level and that non­

electric energy demands are not met using a hydrogen production 

process that is 10% less costly than alternative processes. 

Assuming that the technology is fully deployed in 3 0 years 

and that the 10% benefit continues indefinitely, the present 
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value of the benefit equals $140 billion. This follows from the 

relationship: 

Present value of benefit = 3 x IPIO (1.05) "30 = 1,4 x I Q H , 
0,05 

If the technology is not deployed until 50 years from now, the 

present value of the benefit is reduced to $50 billion. 

The benefit-to-cost ratio for the hydrogen technology devel-

opnent program is seen to be in the range 50:1 to 140:1, indicat­

ing that the value of the program greatly exceeds its costs. 

Another way of viewing benefit versus cost is to determine 

the number of years of benefit needed to break even on costs in 

present value terms. This breakeven time is 0,15 to 0,40 years 

for deployment starting in 30 to 50 years, respectively. The 

result for deployment in 30 years is obtained by solving the 

following equation for N: 

109 = 3 X ;0l0 (1.05)-30 [i _ (1.05)-N] . 
0,05 

Both approaches show that the potential benefits of a siz­

able R&D program to develop the lowest-cost hydrogen production 

technology is justified. Annual R&D funding of $65 million per 

year for the next 30 years could pay for itself in considerably 

less than a year after technology deployment and have a benefit-

to-cost ratio in the range 50:1 to 140:1, Without the R&D pro­

gram, the lowest-cost hydrogen production technology would not be 

identified, and future hydrogen costs would likely be consider­

ably higher than necessary. 
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The Sulfur-Iodine Cycle 

Water-splitting, in particular the sulfur-iodine cycle, is 

one of the more promising low-cost hydrogen-producing processes. 

As a result, R&D funding of at least $10 million per year for 

this particular technology is warranted on the basis of the 

extremely large future benefits of identifying and deploying the 

lowest-cost process. 

The stage of development of the sulfur-iodine cycle is one 

of preliminary evaluation. Chemistry and engineering development 

needs considerable progress before proper comparisons with more 

developed technologies can be made. There are, however, a number 

of known favorable characteristics of the cycle. For example, it 

effectively uses process heat from HTGRs, fusion reactors, and 

solar CRTs, the process scales well with size, and reactions are 

fast, indicating relatively small production equipment require­

ments and chemical inventory. Some items of concern are the 

corrosiveness of the system, indicating expensive containment 

materials and a large requirement for heat transfer surface. 

Certain modifications to the process are now being studied 

and are discussed in this report. These have a reasonable proba­

bility of markedly improving the process, 

DEVELOPMENT PLAN 

Introduction 

All unit operations of the basic GA sulfur-iodine thermo­

chemical water-splitting process were tested at the laboratory 

scale and have been verified in flow systems at bench-scale 

level. All experimental work, but for some high-pressure HI 

decomposition, was carried out in glass apparatus. During the 

latter part of the effort, however, significant potential im­

provements to the process were identified. Insufficient time was 
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available to carry out an organized development effort that could 

fully verify the concepts and provide engineering data for the 

incorporation of these new concepts into the engineering flow­

sheet. These improvements could significantly lower the overall 

cost of the GA process, and these need to be studied further. 

Future effort on the GA process must address combined ef­

forts in the area of research and process development, 

R&D Priorities 

A number of processes are insufficiently defined and could 

be developed to the benefit of the sulfur-iodine cycle. One of 

these is developing a better method of recovering HI from HI-H2O-

I2 solutions. The use of H3PO4 for this purpose forces the 

recovery of H2O from H3PO4 solutions. The best design developed 

so far involves vapor recompression. By this means this process 

can be done very efficiently, but it requires expensive capital 

equipment. At the present time HBr treatment appears to be a 

viable alternative to the H3PO4 treatment. There are a number of 

areas in this treatment that are not yet defined. These are (1) 

the result of treating HBr-H2S04-H20 solutions countercurrently 

with I2 and SO2 similar to the H2SO4 boost reactor, (2) the 

vapor-liquid equilibria data in the high-pressure, high-temper­

ature H20-HBr system that are necessary to define number of 

plates, reflux ratios, etc., and (3) further data on the behavior 

of HBr in the SO2-H2O-I2 reaction. Other alternative ideas to 

H3PO4 processing should also be studied. There are some identi­

fied candidates that deserve study. 

A second process for study would be the evaluation of the 

catalytic decomposition of liquid HI using a homogeneous catalyst 

and liquid-liquid phase separation. Rate measurements at ele­

vated temperatures and pressures have been insufficient to fully 

evaluate the process. The catalyst recovery scheme needs to be 

further developed. 
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The development of the sulfur storage system for solar sys­

tems appears to be valuable. This system brings seasonal energy 

storage from a dream to a real possibility. Moreover, the heat 

derived from the energy storage plan is of such a quality that 

Brayton cycles can be considered. The storage plan links very 

well with the sulfur-iodine cycle but also can stand alone as a 

heat storage system. 

Process Development Program 

A general need for accurate flowsheeting is the availability 

of accurate physical and chemical properties that pertain to the 

processes being flowsheeted. The technical requirements for the 

processes are often unusual, for instance high-pressure vapor-

liquid equilibrium data or thermodynamic data on unusual mixes of 

interacting chemicals, A portion of the development program must 

be devoted to obtaining data applicable to the design of pilot-

plants. 

Unit operations studied at the bench-scale have provided 

considerable information for pilot-plant design. There is, 

however, a considerable gap in many areas between the unit opera­

tions that have been studied and those necessary for pilot-plant 

design. It is appropriate to reduce that gap by further unit-

operations studies as a part of the development program. 

As a portion of the unit-operations studies, a renewed 

effort on materials testing is required. Where possible, candi­

date materials for pilot-plant operation should be used in unit-

operations equipment. The influence that corrosion products have 

on the chemical cycle should also be determined as a part of 

these studies. Detailed materials studies become of greater and 

greater importance as the pilot plant stage is approached. 
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The flow sheeting and costing efforts to evaluate and opti­

mize the process are increasing in importance. These efforts 

provide the basis for the decision making about whether chemical 

operations truly augment the process and thus guide the R&D 

effort. These decisions become more difficult as the optimum is 

approached, but by the time the pilot plant is on the drawing 

boards this effort should have discerned as clearly as economi­

cally possible that the best process design will result and that 

all questionable areas have been fully evaluated. 

Summary 

In order to address these issues, a set of near-term recom­

mendations and a 10-year development program have been prepared, 

A schedule for the development program is shown in Table l-l, and 

recommendations for action items that would further enhance and/ 

or evaluate the sulfur-iodine cycle follow: 

1, Further investigate the whole cycle effects of the HBr 

treatment of the HI bearing phase, 

2, Construct a preliminary flowsheet and cost analysis for the 

HBr treatment version of the cycle, 

3, Investigate other alternative treatments to the H3PO4 treat­

ment of the HI bearing phase, 

4, Further define the H2SO4 processing system and the sulfur 

storage system for solar applications, 

5, Test the homogeneous catalyst system for liquid HI decompo­

sition at temperature and pressure, 

6, Bring to unit operations testing more of the parts of the 

process, e.g., the H2SO4 boost reaction, liquid HI decompo-
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TABLE I-l. PROCESS DEVELOPMENT PROGRAM 

1 1 tern 
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sition, Bunsen reaction operation with boost reaction I2 

products, etc. 

7. Expose real containment materials in unit operations test­

ing. 

8. Develop computerized engineering design codes sufficient to 

allow process optimization techniques to be used. 

9. Develop costing models so that optimization of the cost of 

producing H2 can be performed. 

Emphasis in the process development program is placed on 

(1) development of process improvements because they potentially 

lead to a more attractive process, (2) the gathering of basic 

physical, chemical, and materials of construction properties data 

because pilot plant design is impossible without basic data due 

to the chemical nature of the process, and (3) the testing of 

selected process unit operations at a scale beyond the laboratory 

effort but not at pilot scale. 

After completion of this development program, all data and 

technology will be at hand to allow the design and construction 

of a pilot plant to demonstrate the process. 
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1. INTRODUCTION 

1.1. BACKGROUND 

Thermochemical water splitting potentially provides a non-

fossil renewable source of hydrogen. It characteristically 

requires high-temperature heat input to achieve the necessary 

conditions for at least one of the chemical reactions to take 

place and appears to be compatible with the deliverable heat 

qualities projected for three important heat sources: gas-cooled 

fission reactions, fusion reactors, and systems for concentrating 

solar energy. 

General Atomic Company (GA> has been working on the develop­

ment of the cycle for all three of these heat sources, beginning 

investigations of thermochemical water splitting in October 1972. 

The result of this initial work was the discovery of a promising 

cycle (called the sulfur-iodine cycle) that requires no solids 

handling. General Atomic has cooperated with the Department of 

Energy (DOE) and the Gas Research Institute (GRI) to develop the 

thermochemical water-splitting process to the point where it has 

been demonstrated by flowsheeting and costing techniques as a 

commercially viable source of hydrogen. Other participants in 

this effort have included the American Gas Association (whose 

sponsorship was assumed by GRI), Northeast Utilities Service 

Company, Southern California Edison Company, the University of 

California Los Alamos National Laboratory (LANL), and the Univer­

sity of California Lawrence Livermore National Laboratory (LLNL). 

The process can be described by the following three chemical 

equations: 

2H20 + l2 + SO2 -̂  H2S04(sol) + 2HIx(sol) -370 K (1) 

H2S04(sol) -̂  H2O + SO2 + 1/2 O2 up to -1150 K (2) 
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2HIx(sol) ->- H2 + xl2 -500 K (3) 

where the x in the reactions represents the average of several 

polyiodides (hydrated) formed in the initial solution reaction. 

Although the cycle can be represented by the three above reac­

tions, several processing steps are necessary to accomplish these 

reactions. 

In February 1977, DOE [then Energy Research and Development 

Administration (ERDA)] began sponsoring process engineering 

design studies, some R&D efforts, and laboratory bench-scale 

investigations under Contract EY-C-03-0167, Project Agreement 63 

and later DE-AT03-76SF90351 and DE-AC02-80ET26225. The general 

objective of the bench-scale work is to obtain better insight 

into the actual processing steps and their interaction by con­

ducting key continuous flow reactions and separation steps that 

had previously been done on a batch basis. Bench-scale investi­

gations also give information on the handling of fluids involved, 

on the operational behavior of key pieces of equipment, and on 

the effects of incomplete physical separations and possible side 

reactions. In the later stages of the studies, the three sub-

units of the bench-scale system were to be operated integrated as 

one unit. While this has not been done, the work has provided 

much valuable information for pilot plant design and operation. 

Process engineering efforts have shown the energy efficiency that 

can be obtained, have given guidance to further chemical and 

bench-scale investigations, and have become a basis for realistic 

cost estimates. Research and development efforts have provided 

improved methods of closing the cycle and promise better cycle 

economy. 

This document is a report on the DOE-sponsored work for the 

period February 1, 1977, through December 31, 1981. Section 2 

presents the closed-loop cycle demonstration effort. Section 3 

describes the bench-scale investigations, Section 4 presents 
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the process engineering effort, and Section 5 presents research 

efforts to further elucidate and to improve the cycle. 

1.2. THE SULFUR-IODINE CYCLE 

Several thermochemical cycles were studied in early work at 

GA. One of these, the sulfur-iodine cycle, was investigated with 

the idea of overcoming the acid-separation bottleneck and is 

described in Refs. 1 through 11. This cycle, though known, had 

not been developed due to the inability to separate the products, 

H2SO4 and HI. These products coexisted in a water solution. The 

product solution is dilute if significant amounts of unreacted 

^2r SO2, and H2O were not all present. When somewhat more con­

centrated solutions were achieved by having an excess of all 

reactants present in an equilibrium mixture, attempts to separate 

HI and H2SO2 failed. For instance, to distill HI out of H2SO4, 

SO2 is distilled first. The products then begin to be consumed 

in a back-reaction. Such a back-reaction between H2SO4 and HI is 

well documented in the literature (Ref. 12) . 

With respect to the cycle, the key feature of the Bunsen 

reaction found by the task group was that at certain reactant 

concentrations, a phase separation occurs with H2SO4 principally 

in one phase and HI principally in the other. This finding about 

the Bunsen reaction (also designated as the S02-l2~H20 reaction 

or the main or prime reaction by GA) has been developed to derive 

separated products for the best energy efficiency and cost 

effectiveness during the course of this and other contracts. 

The GA sulfur-iodine cycle, represented by Eqs. (1) through 

(3), promises to be one of the most efficient and simplest water-

splitting cycles. One of the best high-temperature reactions for 

cycles is the decomposition of H2SO4. The H2SO4 can accept heat 

at varying temperatures such as that available from the helium 

coolant of an HTGR. It will accept sufficient heat so that cycle-
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closing reactions need not be particularly energetic. The decom­

position products of H2SO4 (SO2 and O2) do not recombine unless 

appropriately catalyzed. Thus, sensible heat present in these 

decomposition product gases can be efficiently heat exchanged 

without recombination. Within the conditions utilized, this 

process requires only fluids handling. This provides the cycle 

with significant engineering advantages. 

Hydrogen iodide is another unique material. Its stability 

is low enough so that it can be decomposed to hydrogen and iodine 

at quite low temperatures (150° to 300OC) sufficiently (2.20%, 

depending on conditions) while creating pipeline-quality H2 (5.0 

MPa). The decomposition products are fully fluid in this cycle. 

The Bunsen reaction creates product solutions of these two 

particularly well-suited materials for water splitting. These 

two solutions must be processed in endothermic steps to derive 

purified H2SO4 and HI. Most of the chemical efforts of this 

program have been devoted to creating the most tractable product 

solutions from the Bunsen reaction and to learning how to most 

effectively process them back into Bunsen reactants and O2 and H2 

products. 

The sulfur-iodine cycle described by Eqs. (1), (2), and (3) 

appears to be very simple. In reality, the mode of accomplishing 

this cycle is considerably more complex than the three equations 

would indicate. The presently preferred mode for completing this 

cycle is presented in the set of transformations given below, the 

block diagram of Fig. 1, and the step and diagram explanation 

that follows: 

Step 

1 2H20(£) + S02(g) + xl2(ii) ̂  H2S04(sol) + 2HIx(sol) 

2 H2S04(sol) ̂  H2S04(£ ) 
1-4 
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Fig. 1. Flow diagram for the sulfur-iodine cycle 
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3 H2S04()l) - H2S04(g) 

4 H2S04(g) -. H20(g) + S03(g) 

5 S03(g) ^ S02(g) + 1/2 02(g) 

6 2HIx(sol) ^ 2HI(g) + (x-1) l2(£) + H20(£) 

7 2HI(g) ̂  2HI(ji) 

8 2HI(£) ̂  H2 + l2(sol) 

9 l2(sol) ̂  l2(£) 

Step 1 is the prime reaction where the acid solutions are 

made. This step is described in the four unit operations of Sec­

tion I in the diagram. The SO2-O2 product gas from Section 2 is 

contacted in the main reactor with the iodine from the H2SO4 

boost reactor to upgrade its HI content as well as make the bulk 

of the H2SO4. This reaction scrubs the SO2 out of the O2, which 

is later purified in the O2 balanced scrubber. The balanced 

scrubber accepts a portion of the recycle H2O where the vapor 

transported I2 and SO2 are reacted with H2O stoichiometrically. 

The scrubber is balanced by adding an amount of whichever reac­

tant is required to bring the scrubber to stoichiometric with 

respect to the Bunsen reaction. In this dilute acid concentra­

tion, the products of this reaction are fully scrubbable and the 

reactants, except for H2O, are exceptionally well scrubbed 

according to equilibrium considerations. The product is a wet, 

but otherwise pure, oxygen. 

The remaining unit operation of Section I is the H2SO4 boost 

reactor, where advantage is taken of the driving force of pure 

l2(ii) in a countercurrent reactor to produce additional Bunsen 

reaction products. The product H2SO4 solution from the main 

reactor is fed with SO2 into one end of the countercurrent reac-
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tor and I2 is fed into the other end. The products of this reac­

tor are H2SO4 boosted in concentrations from -50% to ~57%—a 

tenfold increase in H2SO4 activity—and an I2 that has the pro­

duced HI dissolved in it along with a small amount of H2O. This 

stream is fed to the main reactor for upgrading. The products of 

Section I are, thus, oxygen, an -57% H2SO4 solution, and a solu­

tion of HI and H2O in I2 contaminated with SO2. 

Section II involves the purification, boiling, and decompo­

sition of the sulfuric acid as covered by Steps 2 through 5 and 

the four unit operations appropriately labeled in Fig. 1. Prod­

uct from the H2SO4 boost reactor is concentrated by boiling away 

H2O, I2, and SO2 and destroying dissolved HI through reversing 

Eq. (1) . By the time that the H2SO4 is beginning to approach 

azeotropic concentrations, H2O is the only contaminant left. 

After the final H2O is removed in the distillation column, the 

remaining azeotrope is sent to the boiler where it is first 

vaporized to mainly H2S04(g) and then, as the temperature is 

raised, decomposes more and more into SO3 + H2O. Upon further 

heating, the SO3 is, according to equilibrium considerations, 

partially decomposed in the catalytic decomposer to SO2 + 1/2 O2. 

The hot gases are disentrained from the catalyst and heat-

exchange-cooled whereby, first, undecomposed H2SO4 is condensed, 

and, later, H2O is condensed leaving a wet SO2-O2 product which 

is returned to Section I. 

Section III, as described in Steps 6 and 7 and the four unit 

operations of Fig. 1, accepts the main reactor HI^ product. It 

is necessary to remove dissolved SO2. The HI in this product 

during further treatment will become susceptible to oxidation by 

certain oxidizing agents. Both SO2 and H2SO4 are such agents. 

The H2SO4 cannot easily be removed, and it is present in very 

small amounts such that its oxidation of HI is accepted while 

that of SO2 is not. After SO2 degassing. Steps 6 and 7 can be 

carried out. In the present design Step 6 is carried out using 

H3PO4 as the separation agent. The countercurrent treatment of 
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the degassed HIx at temperatures above the melting point of I2 

creates two phases—one, a solution of HI, H2O, and some I2 in 

H3PO4, and the other, I2 with contaminant levels of the other 

phase species. After cleaning, the I2 is returned to Section I. 

The H3PO4 treatment not only separates most of the iodine 

but also decreases the H2O activity by H3PO4 hydration. This 

results in an increase in the HI activity such that it can be 

distilled readily out of the H3PO4 solution with little H2O 

contamination; that is, the H2O, HI azeotrope is broken. This 

distillation is done under pressure so that HI can be recovered 

as a liquid without refrigeration techniques. 

Within Section III, the H3PO4-H2O mixture, resulting from 

the treatment followed by HI distillation, must be recovered. In 

an energy conservative process, such as vapor recompression, 

water is removed from the H3PO4 solution. This regenerates the 

capability of the H3PO4 to treat more HIx product and creates 

recycle H2O to return to Section I. 

The liquid HI from Section III is directed to Section IV -

Steps 8 and 9 and the three unit operations shown in Fig. 1. 

Within this section the Hl(Ji) is exposed to catalyst at tempera­

tures around 200^0 where H2 and I2 are produced. This process 

causes about 50% of the HI to be decomposed. The separated H2 is 

then treated to remove and recycle most of the HI directly and is 

later washed to remove the last traces of HI before exporting. 

In this process the H2 is produced at >5.0 MPa as needed to 

introduce into pipelines. The iodine product solution is recti­

fied, returning the HI to the decomposer while the purified I2 is 

sent to Section I. 

The bench-scale engineering efforts and the flowsheeting and 

costing of the sulfur-iodine process are based upon this descrip­

tion of the cycle and will be discussed in greater detail in 

later portions of this report. 
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2. CLOSED-LOOP CYCLE DEMONSTRATOR 

During the latter part of FY-78, DOE requested that GA dem­

onstrate the sulfur-iodine cycle in a closed loop using recycled 

materials. Work on design of such' a system [the Closed-Loop 

Cycle Demonstrator (CLCD)] started in September 1978 and con­

struction was completed in December. 

2.1, DESIGN AND CONSTRUCTION 

The CLCD was not designed to duplicate the conditions of the 

process engineering flowsheet, but rather to provide an early 

demonstration of the feasibility of the cycle under recycle con­

ditions, A schematic diagram of the system is shown in Fig. 2. 

The reactants H2O, I2, and SO2 are fed into a main reaction 

vessel (R-1) and continuously recirculated, by means of a pump 

(P-1), in a loop where temperature control can be obtained by 

heating or cooling through the cooler (C-1). Some of the prod­

ucts are intermittently fed to the liquid-liquid separator (R-2), 

where the two acid phases are separated. The upper H2SO4 phase 

is purified by boiling in R-3 and then decomposed in a quartz 

tube furnace containing Fe203 catalyst (H-l,R-4). The product 

gas is first cooled in a condenser (C-3, R-5), the condensed 

phase (unreacted H2SO4) is recycled to R-3, and the gas phase 

(SO2 and O2) is first vented and later recycled. The lower phase 

from R-2 (HI-12-H2O containing SO2) goes to an off-gas reactor 

(R-6), where SO2 is extracted under vacuum at 370 K and trapped 

in the liquid nitrogen traps (TR-3 and TR-4). Again, 

intermittently, the degassed lower phase is sent to a furnace 

(H-2, R-7) , where some of the HI is thermally decomposed into H2 

and I2. The product gases are first cooled in C-4 and then fed 

to a series of separators and condensers (R-8, R-9, and C-5 

and/or C-6), where H2O, HI, and I2 are separated and sent to the 

main reaction vessel (R-1) for recycle. The H2 gas is purified 
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in the liquid nitrogen traps (TR-5 and TR-6) before metering and 

collecting. 

Construction and assembly of- the CLCD took place between 

October and December 1978, Glass was used throughout the system, 

with the exception of the high-temperature portions [the two 

cracker-cooler units (R-4/C-3 and R-7/C-4)], which were made of 

quartz. Figure 3 shows the CLCD as it was installed, 

2.2. OPERATION 

Operation of the CLCD took place during the first weeks of 

January 1979, As a result of the experience gained during 

testing of bench-scale Subunit I, no operational problems were 

encountered. All valves, joints, pumps, and temperature and flow 

controls worked as designed. For simplicity of operation, it was 

found convenient to add a small displacement pump to feed the HI 

cracker; this allowed independent operation of the degassing loop 

(P-2/R-6) from operation of the decomposer (R-7). 

Operation of the CLCD started by introducing 3 kg of iodine 

and 1 kg of water at room temperature into the main reaction ves­

sel (R-1) . SO2 was bubbled through at a rate of 3 liters/min 

until there was evidence of formation of two separate liquid 

phases (20 min). The prime reaction products were kept circulat­

ing through the filter (F-1) and the cooler (C-1) by means of the 

pump (P-1) . Since the temperature had risen to only 450C, no 

cooling was necessary. Intermittently, the liquid was fed to the 

phase separator (R-2) and allowed to rest up to 5 min to complete 

the separation; the upper phase was then sent to the H2SO4 puri­

fication boiler (R-3) and the lower phase to the degasser (R-6), 

The H2SO4 was concentrated from an initial 30+% to approxi­

mately 95%, and all of the water and traces of S02f l2f and HI 

were condensed in C-2 and recycled into the main loop. The 

concentrated, purified liquid H2SO4 was fed to the decomposer 
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(R-4), filled with pellets of Fe203 catalyst kept at 850OC, at a 

rate of approximately 5 cm^/min. The product gases were con­

densed in C-3, with the uncracked H2SO4 recycled to the boiler 

and the resulting SO2-O2 mixture sent directly to' the main loop 

for recycle or a sampling and/or venting system. The lower phase 

was degassed (SO2 removal) under vacuum in R-6 for 10 min before 

it was sent to the HI cracking step. 

Since, for simplicity, the CLCD was designed without the HI 

purification step, the lower phase (HI-I2-H2O) was fed directly 

to the HI cracker and no catalyst was used. 

The liquid feed rate was approximately 4 cm^/min, and the 

decomposer temperature was held at 900^0. Before operating the 

HI decomposer, the system was flushed with HI. 

The product gases from the decomposer {R-7) were cooled and 

the condensed liquid {H2O, l2f and unreacted HI) was recycled to 

the main loop. The cooled gas was purified in the liquid nitro­

gen traps (TR-5 and TR-6), and the product H2 was collected under 

water in a graduated cylinder for analysis or utilized as de­

sired. The rate of H2 production was approximately 20 cm^/min. 

Operation of the loop was accomplished subsequently in a 

complete recycle mode: the main reaction products were formed by 

reacting the recycled H2O and I2 (and some HI as well) from the 

HI decomposition system with the SO2 and H2O obtained from the 

H2SO4 decomposition system. No differences were observed. 

During the operation of the small loop, small quantities of 

sulfur were observed in the recycled liquids after the HI conden­

sers (particularly C-4) and small amounts of H2S collected in the 

H2 purification traps. This was due to incomplete separation of 

the sulfur-containing species (SO2 and H2SO4) from the lower 

phase prior to decomposition. The lower phase concentration and 

purification step (H3PO4 treatment), which is an integral part of 
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the cycle, will minimize this recognized problem. This treatment 

will be tested in bench-scale Subunit III, 

Operation of the CLCD has confirmed the feasibility of the 

GA water-splitting cycle and provided laboratory personnel with 

information useful for the detailed construction and operation of 

the bench-scale unit, 

A motix>n picture was made of the operating CLCD and distrib­

uted to funding agencies supporting sulfur-iodine cycle efforts. 
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3, BENCH-SCALE INVESTIGATIONS 

After extensive studies of the chemistry of the sulfur-

iodine cycle, a bench-scale system study was initiated with the 

goal of studying the cycle under continuous operation conditions. 

This section describes the design, construction, and operation of 

the units of the system, which consists of three subunits 

corresponding to the three basic reactions of the cycle. 

Subunit I (HI-H2SO4 production and separation) supplies l2f 

H2O, and SO2 to a reactor where these ingredients are mixed and 

equilibrated, forming two liquid product phases which are later 

separated. Included in Subunit I is the removal of unreacted SO2 

from the HI^ solution phase. 

Subunit II (H2SO4 concentration and decomposition) concen­

trates and purifies H2SO4 solution by removal of iodine-contain­

ing species, H2O, and dissolved SO2. This is followed by vapori­

zation and decomposition of H2SO4 to equilibrium concentrations 

at -1100 K. The products of the decomposition are separated from 

unreacted acid, and they themselves are separated, providing SO2 

and H2 for recycle and product O2. The O2 is cleaned up before 

discharge. 

Subunit III (HI concentration and decomposition) separates 

I2 and H2O from the HI^ phase by first contacting the degassed 

HIx solution with H3PO4 solution followed by a column distilla­

tion of HI out of the H3PO4 solution. The H3PO4 solution is 

reconcentrated for recycle by boiling out H2O. The formed HI is 

decomposed to H2 and I2 at near equilibrium conditions. The 

product H2 and I2 and the unreacted HI are separated for recycle 

(I2 and HI) or discharge (H2) after appropriate cleanup. 

All three sections have been operated. The design, con­

struction, and operation of these units are described in the 
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following sections. 

3.1. SUBUNIT I 

3.1,1, Design and Construction 

Work was first begun on this Bunsen reactor unit in 1977, A 

unit to perform the main reaction was designed (Ref, 10), and the 

necessary equipment and apparatus were procured. The unit was 

built to the initial design except for a few changes to improve 

its operability and was cold tested late in 1977, Early in 1978 

the unit was operated producing product solutions at 

concentrations expected from the earlier chemical laboratory 

batch type experiments. This unit was operated in a hood within 

the chemical laboratory with the intention of transferring the 

operation to a chemical engineering laboratory which would be 

capable of housing all three sections of the cycle's bench-scale 

unit. 

After these successful tests, the chemical engineering 

laboratory was ready to accept this and the other two units. 

This bench-scale Subunit I was disassembled and reassembled with 

a few planned changes which were expected to improve the opera­

tion. The main changes made at that time were (1) the repackag­

ing of the l2 delivery vessel to facilitate heating and to allow 

the use of a load cell which could measure, in an integrated 

fashion, the delivery rate of iodine from the vessel, (2) a pump 

system for I2 delivery, (3) the installation of SO2 degassing 

equipment for lower phase, and (4) an SO2 off-gas cleanup system 

which returns condensable vapors. Also, a gravity overflow 

separator system was invented and incorporated into the unit. 

Details of the final design are represented in Fig, 4, 

Section 1 operates by delivering known rates of flow of l2f 

H2O, and SO2 into the finned reactor vessel. The iodine is 
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delivered as a melt from the jacketed I2 melt vessel. Prelimi­

nary to operating Section 1, iodine loaded into the I2 melt ves­

sel is heated. It takes about 0.5 hr to melt the contents of 

fresh fill and somewhat longer for remelting a charge. This dif­

ference is accounted for by the poor thermal conductivity of a 

solid block of iodine. A desired iodine flow rate is established 

by a positive displacement ceramic metering pump whose operation 

is monitored by the load cell. This iodine is delivered through 

heat-traced lines to the base of the finned reactor vessel. 

Water is delivered through a metering pump, combined with the SO2 

flow, and preheated. This mixture is brought into the finned 

reactor, which is shown in Fig. 5, below the iodine entry point. 

The SO2 flow is delivered from a pressurized gas cylinder through 

a metering valve and appropriate flow meters. 

The alternating-direction finned reactor operates at about 

200 kPa pressure. A significant excess (beyond stoichiometric) 

flow of SO2 is utilized to propel the mixing liquids through the 

finned reactor in order to provide adequate mixing. The excess 

SO2 gas has a residence time of <1 sec in the reactor versus a 

number of seconds for the liquids. The fluids, so reacted, exit 

from the finned reactor into the phase separator diagrammed in 

Fig. 6 where gas and liquid liquid separation take place. The 

finned reactor and the phase separator are thermostatted in a 

glass-fronted forced convection oven. The reactor itself is 

jacketed for temperature adjustment during the exothermic Bunsen 

reaction. The front glass window allows the operator to observe 

the flows in the reactor and separator vessels so that he can 

establish and maintain control of the operation of this unit. 

The temperature of the fluid flowing from the reactor vessel and 

the oven temperature are measured and associated with the de­

livered phases. 

The separator accepts the fluids from the finned reactor 

vessel. In the first chamber the gases are separated from the 

liquids. The gases are passed through a condenser to knock out 
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most of the water and iodine vapors m the exiting S02f which can 

be recycled. These condensed products are returned to the sepa­

rator. The liquids from the reactor vessel and the condenser are 

delivered to the lower portion of the separator. In this section 

the heavier HI^ phase falls through the lighter H2SO4 phase. The 

separator is designed so that the heavier phase will flow up a 

tube from the bottom of this separator into an overflow leading 

to an HIx holding chamber, and the lighter H2SO4 will overflow 

from the top of the separator into an H2SO4 holding chamber. 

These products can be pumped on demand or continuously to Section 

II and Section III, Samples of these product streams can be 

withdrawn through penetrations in the top of the separator which 

can also be used as material testing ports. 

The apparatus in this section is made of Pyrex glass using 

corrosion-resistant Teflon fittings and valves to join glass 

parts. Some Hastelloy B tubes and Hastelloy C valves are used in 

the I2 feed system, A Teflon pressure relief valve located down­

stream of the condenser controls the pressure in the apparatus. 

An auxiliary exit valve is available to fine tune the SO2 flow. 

The as-constructed unit is shown in Fig. 7. 

3.1.2. Operation 

Several experiments yielding useful data were conducted in 

earlier versions of Subunit I. The first experiment produced 

separable light and heavy acid phases over a 90-min period. 

Analysis of 73 g of light phase after degassing indicated an 

H2SO4 concentration of -42 wt %, whereas the design concentration 

is 50 wt % without a "boost" reaction. Approximately 3.8 kg of 

heavy phase was also collected but not analyzed. These quanti­

ties resulted from the reaction of approximately 3 kg of purified 

liquid iodine with 1.2 liters of water. The average I2/H2O ratio 

was 2.5/1 (weight basis) as compared to 7/1 (design). A later 

experiment produced approximately 34 g of light phase with an 

H2SO4 concentration of approximately 48 wt % after degassing. 
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(a) (b) 

Fig. 7. Photographs of Subunit !: (a) reactor-separation plus 
the iodine supply and delivery system; (b) enlargement 
of reactor-separator 
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This is very close to flowsheet design conditions. Approximately 

3 kg of resublimed iodine reacted with 160 ml of water in a 

40-min period, giving an average I2/H2O weight ratio of 19/1. 

Initially two tests were conducted with the redesigned 

equipment. One was run with a relatively low weight ratio of I2 

to H2O of 2.5. Analysis of the light phase after degassing 

indicated H2SO4 concentrations of between 42 and 44 wt %, whereas 

the design concentration is 50 wt %. The other test was then run 

employing a weight ratio of I2 to H2O of 5.3, and the concentra­

tion of the H2SO4 product phase increased to 49 wt %, which is 

close to design value. 

A series of experiments was then conducted using the design 

weight ratio of I2 to H2O of 7.0. The data are presented in 

Table 1. It is to be noted that the results are all near or over 

design levels. 

The bench-scale system was designed to produce H2 at a rate 

of 1 liter/min. With the exception of the last point, the data 

in Table 1 indicate that nominally, except for the 2-6 condition, 

this design level was being achieved. This last 2-6 condition 

was performing at a level of 2 liters H2/min. There seems to be 

no reason to believe that this production rate represents the 

limit of the as-designed unit. 

These experiments have verified the concept of a cocurrent 

reactor for the main solution reaction and, in general, the 

operability of the components of Subunit I. In addition, the 

experiments indicate that flowsheet design conditions can be met 

without great difficulty. 
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TABLE 1 
EXPERIMENTAL RESULTS ON OPERATION OF SUBUNIT I 

l2 FLOWRATE H2O FLOWRATE SO2 FLOWRATE % H2SO4 IN 
SAMPLE NO. (G/MIN) (G/MIN) (G/MIN) LIGHT PHASE 

>3.2 

>3.2 

>3.2 

>3.2 

>3.2 

>3.2 

>3.2 

>3.2 

>3.2 

>3.2 

>6.4 

40.60* 

48.20 

52.64 

51.57 

46.12 

46.10 

47.75 

49.54 

48.46 

48.78 

46.20 

•1-1 

1-2 

1-3 

1-4 

1-5 

2 - 1 

2 - 2 

2 - 3 

2 - 4 

2 - 5 

2 - 6 

112 

112 

112 

112 

112 

112 

112 

112 

112 

112 

224 

16 

16 

16 

16 

16 

16 

16 

16 

16 

16 

32 

* I2 flowrate not stabilize(d. 
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3.2. SUBUNIT II 

3.2.1, Design and Construction 

The design and construction of the H2SO4 processing unit was 

completed in May 1979. The overall criteria for Subunit II H2SO4 

concentration and decomposition are: 

1. The unit shall reproduce the individual process operating 

steps of the large-plant conceptual flowsheet. 

2. The process operating steps shall occur at the temperatures 

used for the large-plant conceptual flowsheet. 

3. The bench-scale equipment shall be designed and instrumented 

to facilitate the gathering of performance data useful for 

guiding scaleup and detailed design of pilot-plant-scale 

equipment. 

Limitations of time and resources made it infeasible to meet 

all the foregoing criteria strictly, and some of their particular 

aspects are conflicting. The strictness with which the particu­

lar processing steps of the large-plant conceptual flowsheet are 

reproduced in the bench-scale system has been somewhat relaxed to 

facilitate the taking of data on the behavior of the materials as 

they undergo processing; for example, the SO2, HI, and I2 are 

removed from the H2SO4 solution in a single step of the large-

plant conceptual flowsheet, but the removals are done in two 

steps in the bench-scale design. The design is presented in Fig 

8. 

The feed system for Subunit II provides flow metering of the 

light phase liquid effluent from Subunit I. The light phase flow 

from Subunit I is 50 wt % H2SO4 aqueous solution at an absolute 

pressure from ambient to 3.1 x 102 kPa and at a temperature from 
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ambient to 115^0. Variable amounts of S02r HI, and I2 on the 

order of 0.5 to 1.5 wt % each are dissolved in the solution with 

some of the I2 possibly occurring as a solid phase. 

Removal of I2 from the sulfuric acid is effected by counter-

currently contacting the input liquid against heated water vapor 

at temperatures and times adequate to vaporize substantially all 

the I2 from the liquid. The heated water vapor is generated from 

the liquid effluent of the countercurrent contacting operation. 

Figure 9 shows a diagram of the I2 stripping column. The coun­

tercurrent contact time and temperature, which control the H2SO4 

concentration, are used to effect the substantially complete 

conversion of any HI present to l2fH20 and SO2 by back-reaction 

with H2SO4. After cooling, the acid solution is metered at a 

controlled flowrate into a fractionation still (Fig. 10) . The 

still produces 96 wt % aqueous H2SO4 and H2O vapor substantially 

free of H2SO4 in separate streams. Azeotropic H2SO4-H2O is 98.4% 

H2SO4. 

The H2SO4 decomposition system cools the 96 wt % H2SO4 

effluent of the H2SO4 concentration system from its normal boil­

ing point to 42^0. After cooling, the acid is metered at a con­

trolled flowrate into a vertical-tube decomposition chamber in 

the lower portion of which vaporization of the liquid takes 

place. In the upper portion catalytic decomposition of the vapor 

occurs to within a few percent of equilibrium decomposition. The 

system provides decomposition temperatures from 500 to lOOO^C at 

ambient pressure for varying catalyst bed volumes having empty 

tube nominal slug flow contact times of up to 10 sec for the gas. 

The catalyst employed during these studies has been Pt-deposited 

on a commercial Zr02 1/8 in. pellet. The preparation and perfor­

mance of this catalyst are described in Ref, 1. 

The system provides controllable cooling of the effluent 

from the decomposition chamber such that undecomposed H2SO4 

solution may be condensed at a temperature effecting a virtually 
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complete partitioning between H2SO4 and H2O versus SO2 and O2. 
The H2SO4 solution and the uncondensed gases are separated. The 

solution can be returned as part of the still feed stream of the 

H2SO4 concentration system. 

The off-gas system collects gas from the SO2 removal step, 

the HI-I2 removal system, and the H2SO4 decomposition system 

through control valves which permit regulating the pressure 

differential between the off-gas system and the other subsections 

of the overall unit. The system can discharge these mixed gases 

(mainly SO2 and O2) to the Subunit I feed inlet SO2 stream or to 

a gaseous waste vent. 

For the gaseous effluent of the H2SO4 decomposition system, 

the off-gas system removes substantially all SO2 from the O2 in a 

form amenable to subsequent quantitative chemical analysis, and 

it meters the flow of the SO2 free gaseous effluent or the whole 

gaseous effluent of the H2SO4 decomposition system when the SO2 

removal capability is by-passed. 

The materials of construction of Subunit II which contact 

the process materials are glass, quartz, an alumina ceramic. 

Teflon, polypropylene, Kynar, Hypalon, and 316 stainless steel. 

The foregoing selection of materials is conditioned by the 

commercial availability of the various equipment components at 

reasonable cost and with reasonable delivery times. Glass and 

Teflon have been preferred unless some specific consideration 

supervened. Quartz is used for the H2SO4 decomposition chamber 

to withstand temperatures up to 1000°C and the strong thermal 

gradients which will exist in the chamber. The metering pumps 

which seem most suited to the precise-flow feed service for the 

H2SO4 concentration still and the H2SO4 decomposer are commer­

cially supplied with alumina ceramic plungers. The rotameters 

commercially available in the very low flow rate ranges required 

have Kynar end-fitting pieces. The off-gas pump capable of with­

standing the corrosive action of HI and I2 for gas-liquid-solid 
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flow is available with a variety of plastic body-elastomeric 

impeller combinations, of which a Teflon' body and a Hypalon 

impeller seem likely to be most resistant to chemical attack. 

The pressure snubbers, which are incorporated with the intent of 

ensuring accurate instantaneous flow measurements of the H2SO4 

concentration and H2SO4 decomposition feeds, are commercially 

available with 316 stainless steel end fittings. The feed makeup 

and transfer pump wetted parts are Ryton, The cooling of some 

streams is an adaptation to the limits on the service conditions 

of those materials other than glass. Teflon, and quartz instead 

of adhering to strict modeling of the large-plant conceptual 

flowsheet. 

Construction of Subunit II alongside of Subunit I in the 

engineering laboratory was started in March 1979 and was com­

pleted in May, Equipment shakedown, including leak testing, 

instrument calibration, and verification of functional opera­

bility with water and inert gas, was completed in June, Subunit 

II is shown in Fig, 11, 

As with Subunit I, no fundamental process design problems 

were discovered during shakedown. Several minor equipment design 

problems, such as pump air locks and inoperable flow indicators, 

were uncovered. The changes recommended to resolve these prob­

lems were implemented, 

3,2,2, Operation 

Operation of Subunit II was broken down naturally into three 

distinct phases—I2 stripping, H2SO4 concentration, and H2SO4 

decomposition. These will be individually discussed, 

3,2,2,1, I2 Stripping Experiments. 

Experiments were carried out in Subunit II to establish 

design parameters for the iodine removal from the upper phase 
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sulfuric acid. Removal of the iodine from the upper phase will 

reduce potential corrosion problems during final concentration of 

the acid and allow the use of lower cost system construction 

materials. 

Before these experiments could get underway, a problem had 

to be faced with the feed to this equipment. The centrifugal 

pumps had to be replaced with inert gas pressurization to initi­

ate system flows. Through what appears to be a nucleation con­

trolled process, the centrifugal pumps caused precipitation of I2 

crystals and possibly sulfur from the fluids with concomitant 

problems of partial flow blockage and feed concentration changes. 

This problem occurred when the synthetic feed solutions were 

stored a relatively long time (1 hr or more) , Apparently, stor­

age for these lengths of time results in a supersaturation of I2 

and sulfur due to slow back reaction of the H2SO4 and HI in solu­

tion. In light of this problem, a series of tests was conducted 

to determine the highest levels of I2 concentration that could be 

obtained in a 50 wt % solution of H2SO4 and a 1,2 wt % solution 

of HI, The I2 concentration levels that were tested were 0.2, 

0.4, 0.6, and 0.8 wt % in the above H2S04,HI feed solution. 

The I2 crystals were weighed and dissolved in the HI. This 

solution was then added to the 50 wt % H2SO4 in small aliquots 

while the H2SO4 solution was being agitated. The four different 

solutions containing the various concentrations of I2 were 

allowed to sit until precipitation of I2 crystals was observed. 

Results are as follows: 

1. 0.2 wt % - no precipitation in 18 hr. 

2. 0.4 wt % - no precipitation in 18 hr. 

3. 0.6 wt % - I2 precipitation occurred overnight. 

4. 0.8 wt % - immediate precipitation. 

All feed solutions prepared in the laboratory for use in 

Subunit II contained 50 wt % H2SO4, 1.2 wt % HI, and 0.6 wt % I2. 
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All data presented for Subunit II are based on the above formula 

unless otherwise noted. 

Three long-term experiments (3260-79, 3260-83, and 3260-90) 

utilizing the I2 stripping column (Fig. 9) were completed. Ex­

periment 3260-79 was for a duration of 390 min (6.5 hr), experi­

ment 3260-83 was for a duration of 542 min (9.0 hr), and experi­

ment 3260-90 was for a duration of 690 min (11.5 hr). Figures 

12, 13, and 14 show the temperatures for the various components 

versus time for all three runs. 

The I2 stripping column (Fig. 9) consists of a quartz tube 

60 cm in length by 3 cm in diameter filled with glass beads (3 mm 

dia) . It is resistance heated externally (heating tape) and 

insulated with fiber fray. In its present setup, utilizing the 

highest flowrate tested (17 cc/min), a maximum internal tempera­

ture of 185^0 can be achieved. 

Table 2 shows the internal temperatures along with the data 

collected. As can be observed from the table, very low concen­

trations were achieved, but at the present time exact permissible 

levels of I2 concentrations are not known. Figure 15 shows I2 

concentration versus internal column temperature (since no ther­

mocouple exists inside the column, temperatures were calculated 

using measured H2SO4 concentration at the exit of the column), 

and it can be seen that higher temperatures at the flowrates used 

would not appreciably decrease the I2 content of the cleaned feed 

solution. 

The results indicate that, with flowrates of 10 and 17 cm^ 

feed solution/min, very good stripping of the iodine can be 

achieved at relatively low temperatures. At a flowrate of 5 

crâ /min, bypass flow occurs in the column, and the results are 

somewhat erratic. 
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TABLE 2 
RESULTS OF I2 STRIPPING EXPERIMENTS 

SAMPLE NO. 

3260-79-1030 

3260-79-1230 

3260-79-1407 

3260-83-1058 

3260-83-1326 

3260-83-1508 

3260-83-1645 

3260-90-1750 

3260-90-1815 

3260-90-1895 

3260-90-1550 

3260-90-1620 

3260-90-1303 

3260-90-1333 

3260-90-1403 

3260-90-1430 

3260-90-1930 

3260-90-1053 

3260-90-1123 

COLUMN 
TEMPERATURE 

(OC) 

148 

141 

133 
160 

164 

185 

150 

135 
141 

132 

138 

140 

152 

158 

148 

143 

197 

228 

228 

FEED 
FLOWRATE 
(cm3/MIN) 

10 

10 

10 

10 

17 

17 

17 
5.0 

5.0 

5.0 

5.0 

5.0 

5.0 

5.0 

5.0 

5.0 

5.0 

5.0 

5.0 

H2SOi4 
CONCENTRATION 

(WT %) 

63.9 

60.6 

56.9 

68.3 

69.6 

75.9 

64.2 

57.9 

60.5 

56.4 

59.5 

60.0 

65.7 

67.5 

64.0 

62.5 

78.9 

93.3 

93.4 

CONCENTRATION( 
(ppm) 

1.86 

4.82 

14.35 

0.66 

3.26 

1.15 

7.88 

23.54 

15.13 

15.33 

14.86 

— 

2.89 

0.76 

0.99 

— 

0.0 

^^) I2 concentration includes I2 in the fonn I2 and HI. 
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When the 10 cm^/min and the 17 cm^/min feed flow curves of 

Fig. 15 are compared, the concentration of changed I2 in the 

effluent increases by a factor of 3.5 when the flowrate is 

increased by a region factor of 1.7 with constant temperature at 

the bottom of the column. Since the constant temperature is a 

boiling condition, the column bottom concentration is the same at 

both flowrates; and the liquid-to-vapor flowrate mole ratio of 

the column is practically unchanged. With constant feed input 

composition at the top, the operating vapor equilibrium line 

behavior on a mole fraction plot should be nearly unchanged for 

the observed large shift in the bottom liquid concentration with 

flowrate. That simple interphase diffusion is the dominant mass 

transfer resistance mechanism is unlikely. The effect of gas 

flowrate on the height of a transfer unit is, in general, small, 

as is the effect of liquid flowrate. 

Probably, the I2 concentration in the liquid effluent is 

controlled by the rate of reaction between HI and H2SO4 to 

generate free, volatile I2. Also, probably, the average resi­

dence time of the fluid flowing through the column and the rate 

of steam flow are important parameters with respect to this 

reaction. 

Analysis of the above experiments (the I2 stripped feed 

solutions) was by conventional methods. H2SO4 analysis was by 

titration with 1.0 M NaOH, and total I2 analysis was by activa­

tion analysis. 

3.2.2.2. H2SO4 Concentration Experiments. 

The H2SO4 concentration process provides 96 wt % H2SO4 to 

the SO3 decomposer. Since extensive vapor-liquid equilibria data 

already exist for the H2SO4-H2O system, the only data taken in 

these bench-scale studies were operational with respect to 

accepting the upstream output rate and meeting the downstream 

input concentration specification. 
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For a feed rate of 5 cm^/min of 60 wt % H2SO4 (equivalent to 

1 standard liter/min H2), the equipment was able to supply H2SO4 

in excess of 96 wt % without the originally specified feed pre-

heater. With an Inconel feed preheater installed, the concen­

trated H2SO4 output rate (equivalent to 2 standard liters/min H2) 

could be doubled; but the metal contamination of the product, 

judged qualitatively by color change, was deemed unacceptable. 

As a practical solution, the required additional heat was sup­

plied via a quartz immersion heater in the still pot. This 

arrangement operated satisfactorily for 10 cm-̂ /min feed rates of 

60 wt % H2SO4. Figure 10 shows the H2SO4 concentration still 

with the immersion heater. 

Four complete runs proved attainment of satisfactory opera­

tion at initial design levels. 

Experiment 3260-94 was run 410 min (6.8 hr) at a feed flow-

rate of 10 cc/min of 60 wt % H2SO4. In this experiment, shown 

in Fig. 16, temperatures of the various still components were 

brought to operating levels before introduction of flow. As can 

be seen from Fig. 16 (temperature of still components versus 

time), the still reboiler temperature could not be maintained at 

330OC, the temperature necessary to produce H2SO4 concentration 

levels of greater than 96 wt %. The 10 cc/min flowrate on exper­

iment 3260-94 is approximately twice the initial design limit. A 

feed preheater was not used during this run. 

Experiment 3260-95 was run 180 minutes (3 hr) at design 

flowrate of 5 cc/min. The flow of feed solution was started 

before operating temperatures were reached (Fig. 17). The still 

reboiler temperature climbed to normal operating levels, and 

samples taken at this point showed H2SO4 concentration to be 96.4 

wt %. At this point feed flowrate was increased to 12.5 cc/min 

with immediate temperature drop in the still reboiler. 
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Experiment 3260-96 was run for 280 min (4.7 hr) at a feed 

flowrate of 10 cc/min. As can be seen from Fig. 18, immediate 

decay in still reboiler temperature occurred upon introduction of 

feed flow. A design change was required on the still reboiler. 

At flowrates higher than design limit (5 cc/min 60 wt % 

H2SO4), still reboiler temperature could not be maintained at an 

acceptable level (320 to 330OC) and modification was necessary if 

higher flowrates (greater than 5 cc/min) were to be used. A 

quartz immersion heater was fabricated into the reboiler still so 

additional heat could be added when necessary. 

Experiment 3260-103 was run for a total of 3 hr. The H2SO4 

concentrator section was heated to normal operating temperatures 

(still reboiler at 3250C) before introducing flow. Flow was 

started at 5 cc/min of 60 wt % H2SO4 and temperature was allowed 

to equilibrate. At 5 cc/min flow the still reboiler maintained 

its initial starting temperature of 325°C. Flowrate was then 

increased to 10 cc/min, and still reboiler temperature decayed to 

300OC. At this point the quartz immersion heater was turned on 

and temperature in the still reboiler recovered to initial 3250C 

in 15 min. The system was allowed to run until equilibrium was 

obtained (constant still reboiler temperature); then the system 

was shut down. The data for this experiment are shown in Fig. 

19. The introduction of the quartz immersion heater to the 

system now allows increasing H2SO4 flowrates to greater than 

twice design limits. The operation of this apparatus is con­

sidered to exceed design limits and awaits utilization in the 

integrated Subunit II. 

3.2.2.3. H2SO4 Decomposition Experiments. 

Experiments were run which had the goals of evaluating the 

decomposition of H2SO4 into SO2, H2O, and O2 and observing any 

catalyst changes in the bench-scale apparatus as shown in Fig. 

20. A platinum-on-commercial-zirconia substrate, 0.3175 cm (1/8 
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in. diameter), right cylinder pellets loaded at GA with 0.2 wt % 

platinum, was used at temperatures between 800° and 900OC. The 

gas slugflow residence time in the reactor was between 0.3 and 

1 s. 

As a preliminary to bench-scale evaluation experimentation, 

furnace operation as a combination boiler and decomposer was 

investigated. Mapping temperatures while the reactor was running 

was an important test procedure. Temperatures were mapped using a 

thermocouple in the central penetrations in the reactor. The 

temperature maps are presented in Fig. 21. Two maps are shown. 

One is for a no-flow circumstance and basically charts the heat 

supply and leakage effects. One observes distinct heat leakage 

from the ends of the reactor as evidenced by the temperature 

gradients toward the ends. This, of course, represents only a 

maintenance load. The flow circumstance represents a process 

load and greatly modifies the temperature pattern. At the inlet 

end one observes a gradient representing heating of liquid H2SO4. 

The first plateau represents the boiling of the H2SO4. The fol­

lowing sharp temperature rise represents dissociating H2S04(g) to 

SO3 and H2O. This process is seen to level out forming a plateau 

just before catalyst contact. The actual plateau region is 

caused by the large heat demand at the catalyst interface for 

this very fast catalytic reaction where most of the decomposition 

of SO3 to SO2 takes place. The slow rise corresponds to the 

continued SO3 decomposition and gas heatup until the point in the 

furnace where the final equilibrium is attained. One should note 

that the natural heat leakage at the end of the furnace causes 

the temperature to fall. If, in this falling temperature region, 

catalyst resides, recombination will occur such that the product 

will be characteristic of these lower temperatures rather than 

the high plateau temperature. For this reason catalyst is only 

loaded to the 50.8-cm (20-in.) position. 

For the furnace and catalyst configuration described above. 

Fig. 22 presents the conversion of the furnace as anticipated 
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using thermodynamic data for the maximum temperature of the 

furnace for the four runs obtained thus far. These data points 

were calculated by measuring both (1) the amount of unreacted 

H2SO4 which condensed in the decomposer effluent and the amount 

of SO2 absorbed in caustic solution, and (2) the oxygen output 

flowrate after the caustic absorption of SO2. The two methods 

agree to within 5%, with the first method being preferred as the 

more accurate; this method is. the basis for the Fig. 22 data. 

Catalyst bed temperature was taken to be the maximum reading of 

an axial temperature traverse of the bed taken during 

steady-state operation. 

Liquid sulfuric acid flowrates of 3.0 and 5.3 cm^/min 

(equivalent to 1.1 and 2.0 standard liters/min H2, respectively) 

were employed. The experimental results are within 2% of the 

theoretical prediction using the maximum catalyst, temperature 

and the equilibrium composition calculated from the JANAF tables 

(Ref. 13) . The low point at 8750C in Fig. 22 was obtained in a 

loading of the catalyst bed for which a significant portion of 

the bed was in a region near the exit where the temperature had 

substantially fallen off from the maximum near the axial center 

of the decomposer. This resulted in the significant back reac­

tion of the decomposition products from the hotter region and 

thus the low conversion compared to theoretical. This problem 

was rectified as described by shortening the catalyst bed. The 

other data points in Fig. 22 were taken using such a configura­

tion. Table 3 reports the H2SO4 decomposition run data. Flow 

rate effects on conversion appeared to be unobservable. 

In the first decomposition run, zirconia pellets without 

platinum were used to support the catalyst in the hottest zone of 

the vertical furnace. The zirconia bed support at the boiling 

interface of the concentrated H2SO4 feed was chemically attacked 

sufficiently to make desirable replacement with some other sup­

port material. The zirconia support pellets were replaced by a 

high silica (53 wt % Si02) aluminosilicate ceramic, 1.27 cm (0.5 
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TABLE 3 
H2SO4 DECOMPOSITION RUN DATA 

H2SO4 PERCENT MAX. TOP-OF-BED WT % H2SO4 
FEED RATE H2SO4 CATALYST CATALYST ACID 

RUN NO. (CC/MIN) DECOMPOSED TEMP. (OC) TEMP. (OC) CONDENSATE 

3260-97 3 84.6 880* 795* 49.7 

3260-98 3 88.9 897 882 40.5 

3260-98 3 91.9 973 942 32.4 

3260-100 6 87.4 885 870 43.9 

* Length of catalyst bed was 2 inches longer on this run than for all 
the others, and extended 2 inches closer to further outlet. 
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in.) diameter spheres, with the trade name Denstone (a product of 

Norton Company). This support material showed only slight color 

change and surface roughening at the boiling interface after the 

first run and no discernible further change in subsequent runs. 

Additionally, a rust-pink band was seen deposited on the reactor 

tube wall after the first run with the Denstone support, although 

it was not discernible on the catalyst itself, and no change in 

catalyst activity was detected in any of the runs. The band 

might be associated with some iron extraction from the Denstone 

balls. 

This portion of Subunit II performed up to expectations in 

the final experiments and is considered operational. 

3.2.2.4. Joint Operation of the Components of Subunit II. 

The overall simultaneous operation of all Subunit II compo­

nents was demonstrated at a flowrate equivalent to 2 standard 

liters/min H2. All process steps functioned as designed until 

after 12 to 14 hr operation, when apparent cyclic thermal ratch­

eting of the large rough-surfaced spherical Denstone support pel­

lets against the quartz reaction tube of the decomposer caused 

tube breakage. Use of smaller particles of irregular shape (pos­

sibly cracked Denstone spheroids) is expected to eliminate this 

problem, which in the projected metal tube reactors would not even 

have been observed. 

3.3. SUBUNIT III 

3.3.1. Introduction 

Processing of the lower phase product of the main reaction 

to produce H2 is accomplished in this unit. The unit operations 

performed are (1) the removal of dissolved SO2 from the lower 

phase product, (2) the countercurrent treatment of the degassed 

solution with a concentrated H3PO4, resulting in stripping the HI 
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and H2O from the lower phase, (3) washing the resultant I2 ( ) 

for recycle to the main reaction in Subunit I, (4) distilling the 

HI out of the H3PO4 solution, (5) reconcentrating the H3PO4, (6) 

catalytically decomposing HI, and (7) recovering for recycle or 

distribution reactant HI and products I2 and H2. The first three 

unit operations take place in a single hot box process. The 

fourth unit operation takes place in a distillation column, the 

fifth in another distillation unit, and the sixth and seventh 

operations in yet another section of the bench-scale unit. The 

operation of Subunit III will be discussed in terms of this list­

ing—that is, unit operations 1, 2, and 3 in the lower phase 

treatment section, 4 in HI distillation, 5 in H3PO4 recovery, and 

6 and 7 in HI decomposition. This subunit design is shown in 

Figs. 23 and 24. 

3.3.2. Lower Phase Processing 

The removal of SO2 from lower phase is accomplished in a hot 

box operation as illustrated in Fig. 25. The upper portion of 

one of the two packed columns in this figure represents a coun­

tercurrent inert gas purging system in which the SO2 is removed 

from lower phase. This unit, along with the rest of the hot box 

operation, has been tested with lower phase made in Subunit I. 

The success of this gas purge is evidenced by the apparent lack 

of appearance of sulfur downstream. Analytical results on the 

iodine for determining its sulfur content have not yet been 

obtained in this operation, but it has been experienced that 

moderate quantities of sulfur generation are easily apparent as 

well as generated H2S. Neither were detected. Thus, one can 

project that the SO2 removal system was working. 

The I2 knockout columns, redesigned by replacing the three 

original columns by two longer columns, are also in the hot box. 

The first column, after gas purging the SO2, is used to counter-

currently contact lower phase with concentrated H3PO4 in a 

Raschig ring packed column. 
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The exiting impure I2 stream is pumped to the second column 

where it is washed with water to remove a small amount of dis­

solved H3PO4. This second column is run at 2 atm to keep the 

water from vaporizing at the operating temperature of 115^0. 

Pressure is applied to the column with nitrogen gas and is con­

trolled by a pressure regulator valve. The distributions and 

packing supports in this column were fabricated from Teflon 

sheets, which also serve as gaskets between column sections. 

Ball-and-socket ports and thermocouple wells were added to the 

glass columns that were purchased. Other ports were also in­

cluded for future installation of pressure transmitters, which 

will ultimately control liquid levels via the pumps. 

The hot box, which houses the two columns, was made out of a 

welded metal framework and insulated. Three glass panels front 

the box and can be removed easily. Heaters were placed along the 

walls near the bottom of the box. 

The system was run in conjunction with Subunit I and per­

formed as expected, although the test was shortened by an HI^ 

pump malfunction. The system appeared to operate well with the 

exception of this pump. It is expected that as soon as adequate 

pumps are available to move I2 and Hl^r this system will operate 

with a minimum of attention. Nevertheless, this unit has not at 

this point in time fully confirmed the laboratory data concerning 

these unit operations. 

3.3.3. HI Separation 

This subunit separates HI from the H3PO4 solution from the 

I2 knockout columns. In the first tests of this portion of the 

cycle, a column packed with small Raschig rings was utilized. 

This column performed the task of separating HI from the H2O and 

H3PO4 very well at low flow rates, but the throughput of the 

column was quite limited. As the flow rate was increased to 
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approach design limits, flooding occurred and of course the sepa­

ration was lost. 

In an attempt to increase throughput, a larger packing mate­

rial was used. This larger packing material did improve flow 

for this relatively viscous working fluid such that flooding did 

not occur up to design levels. Nevertheless, column efficiency 

was decreased by this change, and the HI was delivered wet even 

with design flow of concentrated H3PO4 against the gas flow. 

It is clear that a distillation column will be able to sepa­

rate the HI as projected, but still other solutions are neces­

sary. For this purpose two glass bubble-cap vacuum insulated 

columns, 10 stages apiece, were purchased and installed. Two 

columns were needed to provide a central entry point for the HI 

pregnant HI-H3PO4-H2O phase. At this point in time this column 

is still to be tested, but design performance and throughput are 

expected from this unit. 

During this work several other design problems were solved. 

One was the method of delivery of dilute H3PO4 to the concen­

tration column. For this purpose a jack leg product draw off was 

employed. Another problem was the heating of the pot. Quartz 

immersion heaters were used to solve this problem. A third prob­

lem was the freezing of the concentrated H3PO4 in lead lines. 

This was solved by always keeping the lead lines, holding ves­

sels, and pumps hot. 

The resulting system appears operable. An initial attempt 

at mass balancing over the operation indicated that this was 

possible and that behavior was roughly as desired. The system 

has been operated in conjunction with the H3PO4 concentration 

system. It is believed that it is capable of working in a 

combined Subunit III test. 
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3.3.4. H3PO4 Concentration 

In the H3PO4 concentration column, the 85 wt % H3PO4 efflu­

ent of the HI distillation step is heated to sufficient tempera­

ture, 2220C, to substantially remove water from the H3PO4. The 

distilled water is then available for recycle to Subunit I, and 

96% H3PO4 is recycled to the I2 separation system and to the HI 

distillation step at the metered rates specified in the design 

criteria for those subsections of bench-scale Subunit III. 

The phosphoric acid concentrator was modified to provide 

total heat input via quartz immersion heaters and jack leg take­

off similar to the HI separation column. The previous design, 

which employed both immersion heaters and a heating mantle, did 

not provide sufficient room for total immersion of the quartz 

heater. A very dehydrated high-temperature phosphoric acid 

(HPO3?) formed in the vapor space from contact of H3PO4 with the 

heating element. This attacked both the heater and the glass 

vessel in the vapor region. The new vessel is sufficiently deep 

to accept the full immersion heater below the liquid line, pre­

cluding this problem. 

There were also packing difficulties in the H3PO4 distilla­

tion column. However, they were much more easily solved since 

one of the products is basically nonvolatile. The column 

operates quite well without any packing. This redesigned system 

has been run many hours and produces 96 wt % H3PO4 at design 

level rates. 

3.3.5. HI Decomposition 

Bench-scale testing of HI decomposition has been planned for 

two or more stages. One version of the sulfur-iodine cycle 

includes catalytic gas phase decomposition of HI and a second 

more advanced version includes catalytic liquid phase decompo­

sition. In either case, final versions of these processes would 
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produce -50 atm H2. Pipeline quality H2 is expected to be the 

product of the cycle. Nevertheless, for initial bench-scale 

tests simple systems have been selected to initially close the 

cycle. For these initial bench-scale studies, 1 atm catalytic 

decomposition has been selected. Product HI from the HI distil­

lation system has been represented in the tests performed to date 

by commercial cylinder HI, 

The operation of this test in the cyclic version includes 

cooling the HI and I2 vapor effluent from the HI distillation 

step in a condenser to a temperature slightly exceeding the melt­

ing point of iodine, and separating condensable iodine from the 

residual vapor before the vapor is metered and sent to the verti­

cal tubular heated chamber. Thermal decomposition of the HI 

vapor occurs in the heated chamber at a controlled temperature in 

the range of 177° to 440OC at substantially ambient atmospheric 

pressure. The controlled temperature volume for HI decomposition 

is 4 X 10~3 m^, including catalyst volume, if any. The present 

integrated bench-scale system employs gaseous HI decomposition. 

In these initial studies, the HI decomposition gaseous prod­

ucts were first cooled to a temperature below the melting point 

of iodine (114^0 and condensed iodine was separated from the 

residual gas vapor. The iodine fell to a collection pot where it 

was held until remelting and recycle. The residual gas vapor 

from the I2 condensation was then chilled with liquid nitrogen or 

dry ice to a sufficiently low temperature to remove substantially 

all condensable vapors from the H2 product gas. Provision was 

also made to revaporize the condensed HI for recycle at metered 

rates to the HI decomposition step. 

The H2 purification step provides countercurrent scrubbing 

with water to remove low concentrations of HI from the effluent 

H2 of the HI recycle system. 
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This unit was operated with no major engineering problem 

from the beginning. A conversion (2HI->-H2+l2) of 22% per pass has 

been routinely obtained. The predicted equilibrium conversion at 

the measured reactor outlet temperature is 16% (Ref. 13) . This 

discrepancy has not been fully explained yet, but the observed 

conversion is either characteristic of higher temperature than 

actually measured in the activated charcoal catalyst bed or of a 

system which is removing a product as it is formed, as charcoal 

is prone to do. 

Efficient iodine removal from the product stream was 

achieved by increasing the heat transfer area of the iodine trap 

and by lowering the temperature. Glass HI traps were replaced 

with stainless-steel pressure vessels allowing longer run times 

and better control of the recycle HI flow. 

As a test, the HI decomposition reactor was operated with no 

catalyst in an attempt to determine the source of the super equi­

librium decomposition previously observed. Greater than equilib­

rium decomposition was obtained, but not as high as with the 

catalyst. This indicates that some of the decomposition reaction 

is taking place in the boundary layer of the preheater and does 

not equilibrate. It may also be in line with the charcoal being 

an excellent adsorbant for iodine, which at nonsteady state con­

ditions shifts the reaction toward higher conversions. Labora­

tory studies have indicated rather long periods are necessary for 

steady state to be achieved. 

A liquid phase decomposition unit that operates at pressures 

consistent with pipeline quality H2 has been developed on another 

program (Ref. 6) . This unit has been operated under conditions 

consistent with the bench-scale unit H2 production rates. Thus, 

the independent test of liquid HI decomposition has been per­

formed. With some effort this system could be integrated into 

the bench-scale system of the sulfur-iodine cycle. 
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3.4. SUMMARY OF BENCH-SCALE OPERATIONS 

The operations of each of the subunits have all been tested. 

At least one of the unit operations has not been tested in its 

redesigned form (HI distillation from H3PO4 solutions). Never­

theless, the system is basically considered operational for an 

integrated test of the sulfur-iodine cycle. There would be some 

minor requirements for developing recycling methods for some of 

the chemicals, but these would be done by more or less standard 

practice. 

A number of improvements in the engineering operation of the 

cycle have resulted from this effort. For instance, liquid-

liquid separation techniques in the main reactor have been de­

vised, the use of packed columns in several other operations has 

been improved by finding operationally effective systems, meter­

ing and pumping of iodine solutions at higher temperatures have 

been developed, and in general other techniques have been proved 

out. The work has been very valuable in developing the sulfur-

iodine cycle. 
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4. PROCESS ENGINEERING DESIGN 

4.1. INTRODUCTION 

The engineering flowsheet for the General Atomic sulfur-

iodine thermochemical water-splitting cycle has progressed 

through several revisions under the dual objectives of maximizing 

the process efficiency and minimizing the resultant hydrogen 

cost. Although a plant cannot be cost effective unless it is 

efficient, in the limit of maximum efficiency a plant would have 

to operate reversibly at zero production rate and infinite prod­

uct cost. The 1979 flowsheet (Ref. 11) was prepared with the 

goal of maximizing process efficiency subject to the constraints 

of good engineering practice as a first approximation of a plant 

with minimum cost. The details of this flowsheet are presented 

in Appendix D and discussed in Section 4.2. During 1981 this 

flowsheet was selectively revised with the goal of reducing the 

product hydrogen cost while maintaining the high efficiency (47%) 

of the 1979 flowsheet. The goal was met, and the results are 

presented in Appendix C and discussed in Section 4.3. 

Originally the process heat HTGR was considered to be the 

heat source of choice for thermochemical water splitting, but 

fusion reactors and concentrated solar sources are also being 

investigated. The 1979 flowsheet was designed to match an HTGR 

heat source. Solar and fusion based funding sources have begun 

to fund the matching of these heat sources to the water-splitting 

cycle. Therefore, the 1981 design effort concentrated on Sec­

tions I, III, and IV, which are less directly dependent on the 

heat source. 
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4.2. 197 9 FLOWSHEET 

A simplified schematic flow diagram of the 1979 version of 

the sulfur-iodine process conceptually showing product mass flows 

and recycle streams is given in Fig. 26. Figures 27 through 31 

are simplified versions of the five detailed engineering 

flowsheets. 

A description of the 1979 version of the sulfur-iodine 

process flowsheet Sections I through V is given below. For 

reasons of simplicity, the descriptions are keyed to the 

simplified flow diagrams (Figs. 27 through 31). Detailed 

flowsheets for Sections I through V, including mass and energy 

balances, are included as Appendix D. 

4.2.1. 1979 Flowsheet Section I; H2SO4-HI Production and 

Separation; O2 Separation 

The main solution reaction is carried out in Section I of 

the flowsheet together with the purification of the product oxy­

gen. Figure 27 shows a simplified version of the detailed flow­

sheet for this section. 

In the main reaction, recycle iodine from Sections III and 

IV reacts with water from SO2 from a mixture of gaseous SO2-O2 in 

a countercurrent reactor (C-101). The reaction results in the 

formation of the two acids, H2SO4 and HI, in solution. The dis­

covery of the formation of two phases and the natural separation 

of these phases made the sulfur-iodine cycle feasible. The lower 

density phase (upper phase) contains all the H2SO4 at a concen­

tration of approximately 50 wt % with traces of iodine and a 

small amount of dissolved SO2. The higher density phase (lower 

phase) contains all the HI with considerable amounts of iodine in 

an H2O solution. A small quantity of SO2 and a trace of H2SO4 

are also present. 
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The phases are separated (s-101) , and the sulfuric acid 

phase is reacted with molten iodine and SO2. This increases the 

H2SO4 concentration to approximately 57 wt % and generates reac­

tion product HI. The 57% sulfuric acid is transferred to Section 

II for concentration and decomposition. The lower phase goes 

through a degassing step, which removes practically all the SO2 

(C-104) . This lower phase containing HI, H2O, and I2 is then 

transferred to Section III for purification and HI separation. 

The SO2 entering the main reaction (C-101) and the H2SO4 

boost reaction (C-102) is a mixture of SO2 and O2 coming directly 

from the SO3 decomposition reaction of Section II. As this gas 

mixture passes through the reactor, SO2 is removed by reaction 

with I2 and H2O, and the gas leaving the top of the main solution 

reactor is practically pure oxygen with small amounts of iodine. 

The iodine is removed in a scrub column (C-103), and pure oxygen 

leaves the system as a product. 

All reactions in Section I have been demonstrated in the 

laboratory, and the yields quoted in the material balance sheets 

of Appendix D are based on actual experimental data. The 

engineering design of Section I is based on GA experiments and 

available thermodynamic literature data. 

4.2.2. 1979 Flowsheet Section II; H2SO4 Concentration and 

Decomposition 

Concentration and decomposition of sulfuric acid are carried 

out in this section, which fulfills one part of the recycle 

requirement by generating the needed SO2 for the main reaction 

from the H2SO4 decomposition. Figure 28 shows a simplified 

version of the detailed flowsheet for this section. 

Dilute sulfuric acid (57 wt %) from Section I is concen­

trated in a series of flash evaporators (V-201 through V-212). 

The concentrated H2SO4 is decomposed (E-221) to H2O and SO3, and 
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the sulfur trioxide is decomposed (E-214) to sulfur dioxide and 

oxygen. The SO3 decomposition is the highest temperature step in 

the total process, with operating temperatures of up to 870Oc. 

The gaseous mixture of SO2 and O2 is separated from the water and 

unreacted H2SO4 and transferred to the main solution reaction in 

Section I. The condensate from this separation is recycled to 

the first flash evaporator. 

The concentration and decomposition of H2SO4 are common to a 

number of water-splitting cycles and have been evaluated in sev­

eral laboratories. General Atomic has developed proprietary cat­

alysts and processes which have been demonstrated at the quoted 

temperature. The engineering design of Section II is based on GA 

experimental data and available thermodynamic literature data. 

4.2.3. 1979 Flowsheet Section III; HI Separation 

Hydrogen iodide is separated from the components of the 

HI-I2-H2O solution (lower phase) in this section. Figure 29 

shows a simplified version of the detailed flowsheet for this 

section. 

Lower phase from Section I containing approximately 4 moles 

of iodine and 5 moles of water for each mole of HI is treated 

with concentrated phosphoric acid (C-302), and a major portion of 

the iodine (-95%) is separated from the solution. This iodine is 

scrubbed with water to remove small amounts of HI and H3PO4 

(C-301) and returned to the main solution reaction of Section I. 

The overhead solution containing HI, H2O, H3PO4, and some I2 is 

subjected to an extractive distillation (C-303), where most of 

the water (99%) remains with the phosphoric acid and the HI and 

I2 are removed as overhead vapor. Minor amounts of H2S may be 

formed in three steps from a reaction of trace quantities of 

H2SO4 with HI. The dilute phosphoric acid is concentrated in a 

series of concentrators (E-318 through E-321) and reused for the 
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iodine separation as discussed above. The overhead containing 

HI, some I2, and a very small amount of water is cooled (E-3 05) 

to condense and separate (S-301) some of the iodine and then 

subjected to another distillation (C-313). Here the HI is puri­

fied to a level where it can be sent to Section IV for decomposi­

tion after compression to 5.065 MPa (50 atm). 

The engineering design of the HI purification system is 

based on laboratory data collected at GA. Design of the phos­

phoric acid concentration section is based on available thermo­

dynamic data from the literature. 

4.2.4. 1979 Flowsheet Section IV; HI Decomposition 

The decomposition of hydrogen iodide is carried out in this 

section. Figure 30 shows a simplified version of the detailed 

flowsheet for this section. 

Purified liquid HI [5.065 MPa (50 atm)] from Section III is 

catalytically decomposed at approximately 120OC (R-401). The 

degree of decomposition is only approximately 30% in one pass. 

Therefore, the recycle step has to be used in this section. The 

hydrogen product is separated from most of the I2 and some HI in 

a liquid gas separator (S-401). This gas is then cooled (E-408, 

E-409, and E-410) to condense out most of the HI, which is recy­

cled to the HI decomposer CR-401) . The gaseous H2 product is 

scrubbed with H2O. and pure hydrogen is the resulting end prod­

uct. The liquid from the gas-liquid separator (S-401) contains 

mostly iodine and HI. The HI is removed by distillation (C-401) 

and returned to the HI decomposer (R-401) . The iodine is re­

turned to the main solution reaction in Section I. 

The engineering design of Section IV is based on experi­

mental laboratory data collected at GA. The catalysts for the 

liquid HI decomposition have been developed and demonstrated. 

General Atomic has filed for a patent for the decomposition of 
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liquid HI. The decision to design the system for 5.065 MPa (50 

atm) pressure was based on existing pipeline pressures for 

natural gas transmission. 

4.2.5. 1979 Flowsheet Section V; Power Generation and Heat 

Transfer 

Section V of the flowsheet describes the generation of heat 

and power needed in some of the processing sections. The basic 

assumption has been that a high-temperature gas-cooled nuclear 

reactor, similar to the one designed by GA, would be available. 

Figure 31 shows a simplified block diagram of the detailed flow­

sheet for this section. 

Helium from the primary loop transfers its heat to three 

secondary helium loops through heat exchangers that operate at 

high, intermediate, and low temperatures. The high-temperature 

loop provides the heat for the sulfuric acid decomposition reac­

tion of flowsheet Section II. Recovered heat from Section II is 

utilized to provide heat for the HI distillation and phosphoric 

acid concentration of flowsheet Section III. The intermediate-

temperature loop provides the heat for flowsheet Section IV, HI 

decomposition. Power for flowsheet Section III is generated 

through a helium turbine and a steam cycle. The low-temperature 

loop provides low value heat to flowsheet Sections II and IV, 

sulfuric acid concentration and HI distillation. Additional 

power for flowsheet Section III is generated through a helium 

turbine and a second low-temperature steam cycle. Section I is 

heat self-sufficient and exports power to other sections. 

The design of Section V is based on available thermodynamic 

data and good engineering practice. 
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4.3. 1981 FLOWSHEET 

A simplified schematic of the 1981 flowsheet is presented in 

Fig. 32. At this level of detail the flowsheet is basically the 

same as the 1979 flowsheet, except that the iodine recycle 

between Sections I and III is significantly increased. 

The main objective of the 1981 flowsheeting effort was to 

refine the 1979 flowsheet so as to reduce the hydrogen product 

cost. This required that equipment sizing and costing be 

included in the effort. The basic design assumed a 3000 MWT 

power source such as an HTGR or fusion reactor. A second version 

assumed a 500 MWT solar powered plant. 

Although the main emphasis was on reducing capital cost, a 

few improvements in efficiency were also made. To a large degree 

these efficiency improvements were traded for reduced capital 

cost and the overall efficiency remained at 47%. Although 

details of the flowsheet are given in Appendix C, a simplified 

mass flow diagram is given in Fig. 32, and simplified schematics 

of Sections I, III, and IV are given in Figs. 33 through 35 to 

aid the process description, 

4.3.1. 1981 Flowsheet Section I; H2SO4-HI Production 

Although functionally similar to the previous version, the 

Section I flowsheet has undergone significant revision in reach­

ing the present form indicated. The prime impetus toward the new 

design was the realization that the only metals compatible with 

the HIx solutions are expensive and exotic metals such as nio­

bium. Section I was redesigned to minimize heat transfer involv­

ing HIx streams. Additionally, heat transfer surfaces were 

removed from packed columns to simplify construction. 
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The main solution reaction is exothermic, and Section I 

requires no heat input from the heat source but exports a signif­

icant quality of low grade heat to the power bottoming cycle. 

The Section I process is shown schematically in Fig. 33. 

Even though Section I requires no heat input from the heat 

source, the design of the main solution reaction step has a major 

influence on the overall process efficiency and thus upon the 

reactor size and the hydrogen production cost. Although deci­

sions on heat and power recovery within Section I have an effect 

on efficiency, the composition and temperature of the light phase 

flowing to process Section II (the H2SO4 processing step) and the 

heavy phase flowing to Section III (the HI concentration step) 

strongly influence the overall efficiency of the process. In the 

interest of efficiency, both streams should leave Section I at as 

high a temperature as possible and at the highest acid concentra­

tion possible. Since the equilibrium of an exothermic reaction 

shifts towards the reactants as temperature is raised, a compro­

mise must be made between high temperature and high product acid 

concentrations. In deciding the operating conditions for Section 

I some economic trade-off calculations were made, but a full-

scale process optimization was not in the scope of this work. The 

basis the resulting decisions, as well as those for the rest of 

this study, may best be termed "engineering judgment." When 

trade-off calculations were not definitive, the decision was 

usually made on the side of "high efficiency" not "low capital 

cost." 

Consideration of two factors dominates the design of Section 

I: (1) the large quantity of heat produced by the main solution 

reaction must be removed, and (2) the combination of hydrogen 

iodide and iodine in an aqueous phase (referred to as HIx) ^^ 

extremely corrosive to materials normally employed for heat 

transfer surfaces. The only metals known to resist HIx ^^^ the 

refractory metals, such as zirconium, niobium, tantalum, and 

molybdenum. The present design employs niobium for heat transfer 
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surfaces contacting Hlxr which permits the reaction energy to be 

used in the power bottoming cycle. 

Niobium is relatively expensive. Therefore, to reduce the 

capital cost of Section I, a number of design techniques have 

been employed which improve heat transfer and decrease the amount 

of Nb required. Some of these are: 

1. Cool feed streams to Section I. Prior to carrying out the 

main solution reaction, heat from the Section I feed streams 

is transferred to the power bottoming cycle. This involves 

less expensive heat transfer materials than Nb and reduces 

the amount of heat transferred from the reaction products of 

the main solution reaction. 

2. Operate adiabatically. Instead of cooling the reaction 

products from 393 to 368 K (to shift the equilibrium towards 

the products) and then reheating the separated products, the 

desired production rate of the main solution reaction is 

maintained, operating adiabatically, by increasing the 

iodine concentration to provide the needed shift in the 

equilibrium. 

3. Use direct-contact heat exchange. Where possible, direct 

contact heat exchange between immissible liquid phases or 

gas and liquid phases is employed. 

4. Apply enhanced heat transfer techniques. Utilizing two-

phase gas-liquid flow through the heat exchanger gives 

higher than normal corrective heat transfer coefficients. 

Spiral-fluted tubing provides enhanced heat transfer and, 

due to the wall stiffening effect, permits thinner tube 

walls. 
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4.3.1.1. Heat Exchanger Reactor. 

Almost 52% of the chemical reaction forming HI and H2SO4 

takes place in the heat exchange reactor (R-101 in the flow dia­

gram of Fig. 33) and in the piping immediately preceding the 

reactor. The reactor selected is a shell and tube heat exchanger 

with fixed tube sheets. The vessel, tube sheets, and heads are 

fabricated from mild steel. The heads are lined with fluoro-

carbon and the spiral fluted niobium tubes are welded to a nio­

bium tube sheet liner. The process fluid is on the tube side of 

the exchanger and the shell side is part of the power bottoming 

cycle. 

Upstream of the exchanger, the SO2/O2 from Section II (sul­

furic acid processing) is mixed with the predominantly iodine 

stream from the boost reactor {C-103) and aqueous streams from 

the scrubbing reactors (C-101 and C-104). The combined streams 

react exothermically as they flow through fluorocarbon-lined pipe 

and into the heat exchange reactor. The pressure drop through 

the exchanger reduces the system pressure from an initial 0.50 

MPa to 0.44 MPa, at which point the temperature reaches 393 K. 

At the exit of the exchanger the O2 is removed from the stream in 

the first of two separators (S-101). In the second separator 

(S-102), operating at 0.11 MPa, three phases separate: the heavy 

liquid phase (HIx)' the light liquid phase (H2/H2SO4), and a gas 

phase consisting of SO2 and steam. The vaporization of water and 

SO2 results in the temperature decreasing from 393 K to 385 K. 

4.3.1.2. Lower Phase SO2 Stripper. 

The lower phase solution (HIx) is saturated with SO2 which, 

when allowed to remain, forms sulfur and H2S via tramp reactions. 

An oxygen recycle stream strips most of the SO2 in a packed bed 

stripper (C-102), thus minimizing the tramp reactions. A minimum 

amount of oxygen is employed for this operation as the evapora­

tion of water into the oxygen cools the HIx, requiring more heat 
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input in Section III (HI purification) . With a 10% O2 recycle, 

the HIx is cooled from 385 K to 381 K. 

The stripper, sized for operation at 70% of flooding, is a 

standard packed column design. The fluorocarbon-lined, mild 

steel vessel is packed with 50 mm ceramic Raschig rings. Since 

the operating pressure is near atmospheric, a glass-lined steel 

vessel is a viable option but would require fluorocarbon packing 

to avoid liner damage. 

4.3.1.3. Boost Reactor. 

In the boost reactor, the sulfuric acid concentration of 

the light phase increases from 50% to 57% by contacting with 

molten iodine in the presence of sulfur dioxide. The increased 

H2SO4 concentration is realized through the action of the main 

solution reaction. Water is used up by reaction with SO2 and I2 

to form H2SO4 and HI. Over 7% of the total chemical reaction of 

Section I occurs in the boost reactor. Since the contact is 

performed in a countercurrent manner, the reactor also acts as a 

direct contact heat exchanger, raising the temperature of the 

sulfuric acid stream from 383 K to 393 K. 

Although the mechanical design of the boost reactor is 

straightforward, i.e., a fluorocarbon-lined mild steel vessel 

packed with 50 mm ceramic Raschig rings, the sizing calculations 

are not. Common packed columns operate with either a gas rising 

through a descending liquid phase or a light liquid phase rising 

through a descending heavy liquid phase. The boost reactor has 

both a gas phase (SO2 in O2) and a light liquid phase (H2SO4 and 

water) rising through the descending heavy liquid phase (12). 

The present design is based on adding the cross sectional areas 

required if the gas and light liquid separately contacted the 

heavy liquid. This is a very conservative approach. General 

Atomic believes that a design based upon information gained in a 

pilot plant would result in a smaller boost reactor vessel. 
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4,3,1,4. Scrubbing Reactors. 

The oxygen is purified before discharge to the atmosphere in 

the scrubbing reactors. The packed column reactors operate in a 

titration mode in which sufficient iodine is added to the scrub 

water in the lower part of the column to react stoichiometrically 

with the sulfur dioxide present in the oxygen. In the upper part 

of the column the oxygen is washed with pure water. The primary 

scrubbing reactor (C-101) operates at 0.44 MPa, purifying the 

gaseous product of the heat exchange reactor (R-101). Over 19% 

of the Section I reaction takes place in the primary scrubbing 

reactor. Almost 22% of the total reaction takes place in the 

secondary scrubbing reactor at 0.10 MPa. The secondary scrubber 

cleans up the oxygen stream exiting the boost reactor as well as 

the steam/S02 stream produced during depressurization of the 

liquid reaction product of the heat exchange reactor. 

Both scrubbing reactors perform a second function as direct 

contact heat exchangers. Oxygen leaving the process is cooled to 

near ambient conditions while preheating the water entering the 

process. The scrubber vessels are fluorocarbon-lined mild steel 

and the packing is 50 mm ceramic Raschig rings. Pilot plant 

tests may demonstrate reduced vessel costs. The upper portions 

of the scrubber contain only water and oxygen, so no lining 

should be required in this area. Depending upon the temperatures 

reached in the lower portions of the scrubber, less expensive 

linings may be possible, 

4,3.1,5, Heat and Power Recovery. 

The heat transferred to the power bottoming cycle from Sec­

tion I totals 160 kJ/mole of H2. The majority of this is trans­

ferred via the heat exchange reactor, but significant quantities 

of heat are also transferred from the hot water products of 

Sections II and III and from the SO2/O2 product of Section II. 
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Since the heat transfer materials used for water and SO2 are much 

less expensive than the niobium used in the heat exchange reac­

tor, there is the potential for further cost reduction by per­

forming more of the cooling on water and SO2 streams. Ultimately 

an economic optimization must determine the split in heat trans­

fer duties on the basis of minimum hydrogen production cost, 

A total of 27 kJ/mole of H2 is recovered as work in Section 

I using turbines for pressure reduction. Preliminary indications 

are that the turbines are economic, but a final determination 

must await an analysis based on hydrogen cost resulting from this 

study. 

4.3.2, 1981 Flowsheet Section II: H2SO4 Processing 

The Section II flowsheet was not revised as part of the base 

program. Under separate funding the process was adapted to a 

solar heat source (Ref s. 14 and 15); but since the process is 

enormously complicated by variation in the heat source, an 

integrated flowsheet did not result from that work. 

Also, under subcontract to LLNL (Ref. 16), design and cost 

estimates were produced for connecting the GA process to a fusion 

reactor. In this work two different methods of coupling the 

water-splitting plant to the fusion reactor were explored. LLNL 

provided the Section II design for both methods, and the results 

are reported elsewhere (Ref, 16), 

4.3.3, 1981 Flowsheet Section III: HI Concentration 

The hydrogen iodide concentration step. Section III of the 

process, entails separation of a mixture of hydrogen iodide, 

iodine, and water (HIx) into its component parts, A simplified 

flow diagram of Section III is presented in Fig, 34, The use of 

phosphoric acid as an extractive distillation agent remains as 

the reference process for HI purification, although operating 
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conditions have been altered to decrease capital cost and in­

crease the efficiency of certain operations. 

The system HI-H2O forms a maximum boiling azeotrope at a 

composition of 57 wt % HI, which is approximately the composition 

of HIx °^ ^^ iodine-free basis. Iodine is held in the HI-H2O 

solution through the formation of polyiodides such as HI3, HI5, 

HI7, etc., which are formed only in the presence of water. Addi­

tion of H3PO4 lowers the activity of water, which performs two 

functions; first, it destabilizes the polyiodide complexes, per­

mitting iodine to form a separate liquid phase; secondly, it 

breaks the azeotrope, which allows the HI to be distilled from 

the mixture. The HI distillation is performed under pressure so 

that liquid HI is available for decomposition in Section IV. 

Water is removed from the phosphoric acid by evaporation, and the 

phosphoric acid is recycled back into the process. 

4.3.3.1. Iodine Separation. 

The liquid iodine is separated from the HIx ^^ two steps. 

Both operations are performed in fluorocarbon-lined mild steel 

vessels packed with 20-mm ceramic saddles. In the iodine knock­

out column (C-302), the HIx is contacted countercurrently with 96 

wt % H3PO4. The HI and H2O are extracted into the H3PO4, leaving 

molten iodine saturated with H3PO4. H3PO4 is washed from the 

iodine with water in the iodine wash column (C-301). The wash 

column is operated at 0.3 MPa and 393 K so as to maintain both 

iodine and water in the liquid state. 

4.3.3.2. Hydrogen Iodide Distillation Column. 

The HI is distilled from the H3PO4 solution in a plate col­

umn operating at 0.9 MPa. Operation at this pressure, instead of 

the 0.1 MPa used in the 1979 flowsheet, requires a higher tem­

perature in the bottoms than employed at low pressure; but an 

expensive HI liquefaction step is eliminated. The column now 
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operates with a normal reflux instead of the 100% phosphoric acid 

pseudo reflux. Moreover, the overhead product is now pure HI and 

a HI/I2 distillation column is eliminated. The in-column heat 

exchange used in the 1979 flowsheet was eliminated to simplify 

construction, but an intermediate condenser was added external to 

the column which allows part of the condensing heat to be with­

drawn from the column at a useful temperature. Although a major­

ity of the heat required to preheat the feed to operate the col­

umn is obtained by heat recovery within Section III, 72.4 kJ/mole 

of H2 is required from Section V at 523 K. 

Design of the column entailed a trade-off between capital 

and operating costs. Use of the intermediate condenser and 

operation at a relatively low reflux ratio reduce thermal energy 

requirements but require more trays in the column for adequate 

chemical separation. The final design included 50 Hastelloy-C 

trays in the Hastelloy-C clad mild steel tower. The trays 

selected were the trough type, being a reasonable compromise 

between the high efficiency of bubble cap trays and the low cost 

of sieve trays. 

An additional small design complication arises because the 

feed to the HI distillation column is saturated with iodine. 

Liquid iodine must be removed continuously as HI is distilled 

away from the column at an intermediate point to avoid buildup. 

A stream, containing two liquid phases consisting of phosphoric 

acid and liquid iodine, is withdrawn from the iodine buildup 

region. The phosphoric acid returns to the column from the top 

of a liquid-liquid separator, and the bottom iodine phase passes 

to the iodine wash column for phosphoric acid removal before 

returning to Section I, 

The small quantities of . H2SO4 and SO2, remaining in the 

lower phase product from Section I, react chemically with HI in 

the feed preheater for the HI distillation column. The products 

of the reactions are H2O, I2, H2S, and S, The quantities 
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involved are so small that the relative amounts of S and H2S have 

not been determined. For flowsheeting and cost estimating pur­

poses, it has been assumed that one-half the sulfur in H2SO4 and 

SO2 ends up as H2S and one-half as S. The H2S will leave the 

column in the overhead product, and the S is assumed to exit the 

column with the H3PO4. The liquid S is separated from the H3PO4 

and oxidized back to SO2 in Section II. 

4.3.3.3, Phosphoric Acid Concentration, 

Removal of water from the phosphoric acid is accomplished in 

three stages of vapor-recompression-driven flash evaporation. 

This is one less stage than used in the 1979 flowsheet because 

100% H3PO4 is no longer required. Only the last stage requires 

any heat input from the heat source, but all three stages require 

significant quantities of power for vapor recompression, A total 

of 131 kJ of shaft power per mole of H2 is required to operate 

the compressors, whereas only an additional 21 kJ of thermal 

power at 484 K per mole of H2 is required from Section V to heat 

the high temperature evaporator. Heat is recovered within each 

evaporation stage from interstage cooling of the six-stage com­

pressor, from the condensation of the compressed steam, and from 

the concentrated phosphoric acid product. 

The phosphoric acid concentration step is simple in concept, 

but capital costs of the turbine compressors and heat exchangers 

are significant in the overall hydrogen production cost. Even 

though methods have been identified for making a considerable 

reduction in the cost of H3PO4 concentration, alternative chemi­

cal systems are under investigation with the goal of eliminating 

H3PO4 from the process, 

4,3,4, 1981 Flowsheet Section IV: HI Decomposition 

The HI decomposition step (Section IV of the process) must 

perform the following operations: 
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o Decompose HI(1) to H2(g) and l2(l). 

o Separate HI from the I2 and recycle to the decomposer, 

o Separate HI from the H2 and recycle to the decomposer, 

o Scrub the H2 product in preparation for distribution. 

A simplified flow diagram of Section IV is presented in Fig, 

35. As in Sections I and III, heat exchange has been moved 

external to the columns. 

Three process variables dominate the design of Section IV 

and have a direct impact on Section V. The temperature and 

pressure of the decomposition reactor govern the equipment size 

and amount of recycle through the reactor. The HI-I2 distilla­

tion column pressure determines the maximum process temperature 

of this section, and in the overall process, this temperature is 

second only to the SO3 decomposer of Section II, Variables 

governing the cleanup of the hydrogen product have a smaller, but 

still significant, impact on the hydrogen production cost. 

4.3,4,1, HI Decomposition, 

Hydrogen iodide decomposition is accomplished in the HI 

decomposition reactor (R-401). The extent of the decomposition 

reaction is limited by thermodynamic equilibrium. Therefore, 

to limit the amount of recycle of HI back through the reactor, 

process conditions must be chosen so as to give a high conversion 

per pass through the reactor. Previous studies at GA (Ref, 6) 

have demonstrated that, when decomposition is carried out under 

high pressures so that HI and I2 are present as liquids, a much 

higher decomposition yield is obtained than with the analogous 

gas phase decomposition. Selection of the temperature and pres­

sure involves a number of trade-offs. The critical temperature 

of HI places an approximate upper limit upon the initial reaction 

temperature of an adiabatic flow reactor, while the required 

hydrogen delivery pressure places a lower bound upon the system 
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pressure,. The reactor finally selected for HI decomposition is an 

adiabatic flow reactor with a 4-min residence time employing 

activated charcoal as a catalyst. The mild steel vessel is lined 

with fluorocarbon to protect it from the HI and iodine. The 

reactor operates at 8.3 MPa, (The 1979 flowsheet indicated 5,0 

MPa, but there is some question whether the stream will remain 

liquid throughout the length of the flow reactor at that pres­

sure.) The reaction temperature increases from 415 K at the 

inlet to 424 K at the outlet due to the slightly exothermic 

nature of the reaction under these conditions. The majority of 

the energy required to bring the HI to reaction temperature is 

supplied by heat refuse within Section IV, Only 6% of the energy 

(2 kJ/mole of H2) must be supplied from Section V. 

A design based upon a continuous stirred tank reactor 

deserves future consideration. A would require a considerably 

longer residence time than the adiabatic flow reactor, but the 

system pressure could be lowered to 5 MPa, which may lead to 

reduced capital costs. 

4.3.4.2. HI-I2 Distillation. 

The liquid product from the HI decomposition reactor passes 

through a pressure-reducing turbine to the HI-I2 distillation 

column (C-401) , The pressure of the still (5,1 MPa) sets the 

temperature of the still bottoms at 713 K, which is the highest 

temperature required for the Section V helium. The still pres­

sure and temperature may be decreased further, thus decreasing 

the high temperature heat load on Section V, but at the expense 

of increased low temperature heat requirements to reheat the 

still overhead product for recycle to the HI cracker. In 

addition, the heat now supplied from the overhead condenser to 

the evaporative refrigerator and from the bottoms product to the 

liquid HI heat exchangers would instead have to be supplied from 

other sources. 
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In addition to the 7 kJ/mole of H2 required at 713 K, an 

additional 1.7 kJ is required at 616 K and 7.1 kJ at 522 K. This 

additional heat may be used at this lower temperature because the 

distillation column is designed with intermediate reboilers. The 

use of intermediate reboilers increases the capital cost due to 

the cost of both the boilers and additional trays in the column, 

but the overall thermal efficiency is improved significantly. 

Each distillation column, constructed from Hastelloy-B clad 

mild steel, is 2,7 m in diameter for the bottom 12 m and expands 

to 4,7 m in diameter for the upper 3 m. There are 25 Hastelloy-B 

trough type trays in the bottom section and 6 in the top. The 

expanded top section is required by both the higher flow rates 

and lower density encountered in this section of the column, 

4.3.4.3, Hydrogen Cleanup, 

The hydrogen from the decomposer is cleaned in three opera­

tions. First, the bulk of the hydrogen iodide is removed by 

condensation. Second, remaining HI is removed with a water wash. 

Finally, the trace of H2S is removed by a combination of chemical 

reaction and water wash. The H2S removal step was not defined in 

the 1979 flowsheet. 

The gaseous product of the HI decomposition reactor is 

cooled in three stages. A heat exchanger removes the high tem­

perature portion of the heat to the power bottoming cycle and 

dumps the low temperature heat to cooling water. The stream is 

further cooled from 303 K to 291 K via an absorption refrigera­

tion system. The LiBr-based refrigeration (Ref. 17) is driven by 

waste heat from the condenser of the HI-I2 distillation column. 

After condensate separation, only a small quantity of HI and 

possibly H2S remains in the hydrogen. 

The remaining HI is easily removed via a water wash (C-402). 

A minimum amount of water is employed because any water added at 
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this point must be removed by distillation in Section III. In 

the absence of iodine, HI is not corrosive to nonmetallics; 

therefore, hydrocarbon-based lined mild steel is sufficient for 

this application. Since traces of iodine could enter the HI 

scrub column due to process upsets in the HI condensation system, 

the lower portions of the column are lined with fluorocarbon. 

The column is packed with 25-mm ceramic Raschig rings. 

Due to the high acidity in the lower portions of the column, 

H2S cannot be absorbed. H2S builds up slightly in the upper 

section of the column until at steady state, H2S passes on to the 

H2S removal column (C-403) at the same rate it enters the HI 

scrub column. Since H2S has a relatively low solubility in 

water, a simple water scrub would require that an excessive 

amount of water be processed through Section II to reconvert the 

H2S to SO2. The problem is solved by adding a small amount of 

SO2 to the H2S absorber. H2S reacts with SO2 in the presence of 

water to produce a sulfur slurry. The slurry is concentrated via 

a filter with backflush, so only a small amount of water accom­

panies the S back to Section II where it is converted to SO2 via 

reaction with SO3, The mild steel column, packed with 25-mm 

ceramic Raschig rings, is hydrocarbon lined to prevent corrosion. 

The H2 pressure is dropped to the distribution pressure of 

5.1 MPa via a power recovery turbine and thus exits the process. 

4.3,5. 1981 Flowsheet Section V; Heat and Power Interfacing 

As in the case of Section II, further development of Section 

V has been left to other projects which match the cycle to par­

ticular heat sources. No work on Section V has been included in 

the base program since 1979, 
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4.4. COST OF HYDROGEN FROM A SOLAR-POWERED THERMOCHEMICAL WATER-

SPLITTING PLANT 

4.4.1. Capital Costs 

The preliminary estimate of the cost of hydrogen from a 

solar-powered version of the GA sulfur-iodine thermochemical 

water-splitting cycle is 17.96 to 21,58 $/GJ (constant dollars, 

July 1980), This cost is based on utility financing of a 500 MWT 

hydrogen plant. The plant design was not optimized and this cost 

estimate is considered to be conservative. 

This cost estimate assumes that the plant operates as an 

independent entity. Solar energy and water are the only inputs 

to the cycle and hydrogen is assumed to be the only salable 

product. No credit is assumed for the oxygen product, nor is any 

value placed upon the waste heat from the process. It would be 

improper to call any plant "solar" which receives a significant 

fraction of its energy input from nonsolar sources, but co-

production of hydrogen and either electricity or process heat 

from an integrated solar plant may be economic. The sulfur 

energy storage scheme (Ref. 15) used to provide both diurnal and 

seasonal storage of solar energy for this hydrogen plant could 

produce peaking and evening power from a solar source using a 

hydrogen plant to recycle the sulfur dioxide combustion product. 

Sale of waste heat from the plant may also be possible in special 

circumstances where a suitable customer is located adjacent to 

the solar hydrogen plant. 

Although a final cost estimate will require a detailed con­

sideration of the daily and seasonal variations in insolation, 

use of the sulfur energy storage system permits effective decoup­

ling of the diurnally operated sulfuric acid concentration and 

decomposition processes from the continuously operated hydrogen 

production processes. Figure 36 indicates how, with long-term 
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storage of sulfur, water, and concentrated sulfuric acid and with 

short-term storage of dilute sulfuric acid, the two portions of 

the process may be effectively operated independently. An actual 

plant would make use of solar energy and solar-produced SO2 

during daylight hours; thus the assumption of a decoupled plant 

produces a conservative cost estimate. 

Portions of the following capital cost estimate are based on 

the cost for a fusion-powered water-splitting plant as estimated 

by GA and the LLNL (Ref. 16) . Equipment has been resized to 

account for the smaller scale of the solar-powered plant and the 

nitrogen dilution of the sulfur dioxide in Section I. The sulfur 

combustion section including power production and heat transfer 

equipment was flowsheeted, and the equipment was sized and 

costed as part of this effort. Additional costs were included in 

the appropriate sections to account for the sulfur dispropor-

tionation equipment and the long-term chemical storage. 

The capital costs for the chemical plants and the energy 

transport and conversion systems are given in Table 4, Also 

included is the cost of the process equipment, if made from 

carbon steel instead of the corrosion-resistant materials actu­

ally specified. The carbon-steel equipment costs are used in 

estimating the operating costs. Not included are the costs for 

the strictly solar portions of the facility, such as the power 

tower and the mirrors. The solar equipment costs are included in 

the final cost estimate as an equivalent operating cost. 

The only costs not completely revised from the fusion ver­

sion are those of Sections II and Va, The cost of Section II was 

modified from the more costly of the two fusion versions only by 

the addition of the costs for the sulfur dioxide disproportiona-

tion equipment and sulfuric acid storage. The size of the sul­

furic acid processing section is identical for the solar and 

fusion plants considering that the solar plant operates only 

during daylight hours and that it has the additional load to 
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TABLE 4 
CAPITAL COST OF A SOLAR-POWERED THERMOCHEMICAL HYDROGEN PLANT 

Carbon Steel Total 
Equivalent Capital 

Section Equipment Cost Cost 
(M$-July 1980) (M$-July 1980) 

I Main Reaction (C) 2,5 15,8 

II Sulfuric Acid Processing (D) 39,6 133,6 

III HI Purification (C) 15,9 97,9 

IV HI Decomposition (C) 2,3 13,0 

Va Solar Energy Transport and - 119,0 - 297,4 
Conversion (D) 

Vb Sulfur Combustion, Energy - 54,3 
Transport and Conversion (C) 

60,3 433,6 - 612.0 

3% Contractor's Fee 13.0 - 18.4 

446.6 - 630.4 

Interest During Construction 35.2 

481.8 - 680.1 

(C) Continuously Operated 
(D) Diurnally Operated 
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provide sulfur storage. The sulfuric acid plant would be sig­

nificantly smaller if decoupling of the diurnal and continuous 

plants had not been assumed. 

It is difficult to estimate the cost of Section Va, which 

interfaces the thermal and electrical requirements of the diurnal 

plant with the solar heat source. Certainly the cost of Section 

V for the fusion plant sets an upper bound, since the solar plant 

does not have to meet the nuclear containment criteria nor does 

it have the large electrical loads of the fusion plant, A more 

reasonable estimate is that the solar Section Va is 40% of the 

fusion Section V, For completeness, the higher value is also 

carried through the cost estimating exercise. 

The final entry in Table 4 is the contractor's fee of 3%, 

All other direct and indirect costs are included in the estimates 

from the individual sections. 

4.4.2. Hydrogen Production Costs 

Hydrogen production costs include the yearly capital charges 

and the costs of plant operation and maintenance. Since costs 

have not been provided for the solar portions of the plant, they 

are included separately as a cost of energy input to the process. 

The capital costs will be a function of interest rates, the 

particular form of financing employed, the type of accounting 

employed, the construction time, and the operating life of the 

plant. Public utility financing and constant dollar accounting 

have been assumed. For public utility financing, the total capi­

tal is provided by debt, and there is no provision for profit. 

Constant dollar accounting assumes that all costs are expressed 

in terms of the value of money during the base year. Interest 

rates are then expressed as the increment by which actual inter­

est rates exceed the inflation rate. Typically, the 5% of inter­

est used expresses the true cost of borrowing money. The cost of 
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hydrogen expressed in constant dollars is then not an estimate of 

what hydrogen will cost in the future from a plant that is being 

built now, but rather an estimate of what hydrogen would cost now 

from a plant that had been built in the past. Since constant 

dollar financing is the method which best compares costs from 

future plants with today's costs, it is a standard for fusion 

cost studies (Ref. 18) . All costs in this section are thus 

quoted in constant dollars. 

The debt at the time plant construction is complete will be 

greater than the capital investment given in Table 4 because con­

struction funds must be borrowed. Assuming continuous compound­

ing and that the rate of borrowing is linear over the 3-year con­

struction period, the capital to be recovered is 481,8-680.1 M$. 

Assuming a 30-year plant life and pay-back period, the yearly 

fixed cost due to capital charges is 30.0-43.8M$. 

Standard techniques are available in the chemical engineer­

ing literature for estimating operating costs of chemical plants 

based on the capital cost of the plant as constructed from carbon 

steel equipment, Guthrie (Refs. 19 and 20) provides the factor 

(2.482) for converting the carbon steel equipment cost from Table 

4 into a total plant cost and the factor (0.20) for estimating 

the total annual operating costs from the total plant cost. 

Applying both these factors, the operating cost of the chemical 

sections of the plant is obtained. 

Sections Va and Vb are similar to power plants rather than 

chemical plants; therefore, the Battelle methods have been used 

(Ref. 18) for calculating operating costs for these sections. 

Operation, maintenance, and other fixed charges total 3.8% of the 

capital cost for public utility financing and constant dollar 

accounting. 

The solar-powered hydrogen plant will produce 5,68 x 10^ GJ 

equivalent of hydrogen per year. This assumes that the require-
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ment for overnight energy storage reduces the plant efficiency to 

40% (Ref, 1) from the 47% typical of a plant with a constant heat 

source. Table 5 shows that the yearly costs distributed over the 

yearly hydrogen production yields a hydrogen cost (neglecting the 

cost of solar energy) of 11.71 - 15.33 $/GJ. 

It is not yet apparent what concentrated solar heat will 

cost from a plant of the proposed scale. On a constant dollar 

basis, the cost of solar energy is expected to decrease relative 

to the cost of fuel-based energy. When solar energy becomes 

truly competitive, its cost will approximate the constant dollar 

cost of present nuclear energy. On this basis $2,50/GJ has been 

used as the constant dollar cost of net solar energy delivered to 

the receiver. Since 40% of this energy ends up in the product 

hydrogen, the added cost for solar energy is $6.25/GJ. Adding 

this to the other costs in Table 5 gives a final hydrogen cost of 

$17.96 - 21.58/GJ. 

There is substantial belief that efforts to improve the unit 

operations of the cycle will reduce the capital costs and thus 

the cost of manufacturing the hydrogen. While the above cost 

reflects future technology in the solar heat source, it does not 

reflect future hydrogen production technology, 

4.5, THE FUNK PANEL REVIEW 

During the course of development of the GA sulfur-iodine 

cycle, a number of external reviews have taken place. One of 

these was performed in the cycle development by Lummis and is now 

essentially outdated. Another more recent review was done by 

Ekman at JPL when he costed several methods of H2 production. 

The fusion work managed by LLNL, adapting the sulfur-iodine cycle 

to their Tandem Mirror Fusion Reactor, constitutes still another 

review. These investigations of the GA cycle have generally 

portrayed this cycle in a most favorable light. 

4-37 



TABLE 5 

HYDROGEN PRODUCTION COST 

Yearly Cost (M$ - July 1980) 

Capital Charges 

Annual Total Operating Cost 
Sections I - IV 

Annual Total Operating Cost 
Sections Va and Vb 

Yearly Hydrogen Production 5,68 x 10^ GJ 

Hydrogen Cost Excluding Solar Facilities 11,71 - 15,33 $/GJ 

Hydrogen Cost due to Solar Facilities 6,25 $/GJ 

Total Cost of Hydrogen 17.96 - 21.58 
$/GJ (July 1980) 
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Perhaps the Funk panel constitutes the most in-depth criti­

cal review of the GA cycle and for that reason will be considered 

in more detail in this report. This panel produced, in a draft 

report dated July 30, 1980 and amended September 26, 1980, a 

list of the findings with respect to this cycle. This report was 

prepared after due consideration of the cycle in both their own 

deliberations and at least one investigative meeting at GA. In 

summary, their report states that there is enough data to say the 

"process is technically feasible as described by GA." The com­

mittee recognized the formidable material problems associated 

both with H2SO4 boiling and HIx ^^^ ^2 handling but stated these 

"problems appear amenable to solution with known engineering 

materials." Further bench-scale testing was urged to verify 

results. The committee pointed out that "process economic data 

are lacking for the GA process" and recommended preparation of a 

"first cut economic analysis." They believe that such analyses 

will "clearly indicate areas requiring maximum improvement," A 

sensitivity analysis was suggested as possibly the only feasible 

means of costing accurately. Heat penalty analyses were also 

proposed. 

Water retention was called out as a major problem in the GA 

cycle. It was, however, recognized that this water is being 

processed efficiently but at a relatively high cost. The commit­

tee recommended that "alternatives to circumvent the phosphoric 

acid dehydration step be considered on a priority basis." The 

committee noted that GA appears to be making good technical 

progress in "chemical and bench-scale studies" and quoted an 

example. They lauded the cycle for its near absence of side 

reactions and for its short reaction times as minimizing inven­

tory and capital costs. 

Efforts at GA have generally taken into consideration this 

review. An alternative to H3PO4 has been sought, and indeed at 

least two promising possibilities have been uncovered as reported 

in other sections of this report. Costing has been done and is 
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also presented in this report. Materials investigations were 

continued, however, for the most part in another program. 

General Atomic believes that the program shows ever-improving 

promise of providing H2 from process heat sources at competitive 

costs, 

4,6, PROCESS SIMULATOR COMPUTER CODES 

During the course of the thermochemical water-splitting 

project at GA, it has been clear that flowsheeting and costing, 

to be done in a manner that will allow optimization techniques 

permitting selection of superior unit operations, must be comput­

erized. During the course of these studies and studies at LLNL 

on a related program (Ref. 16), initial application of such codes 

to the GA sulfur-iodine cycle has been made. Other workers have 

also been of the same opinion. For instance, the Ispra facility 

has developed OPTIMO (Ref. 21) , and the University of Aachen is 

working on such codes (Ref. 22). General Atomic's efforts in 

this area are described in Appendix A, 
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5. RESEARCH DEVELOPMENT EFFORTS 

5.1, INTRODUCTION 

The present GA sulfur-iodine water-splitting cycle is the 

cumulative result of a number of findings established during the 

course of R&D effort. Some of these include the phase separation 

in the Bunsen reaction, the H2SO4 boost reaction, advanced cata­

lytic decomposition of H2SO4, direct S02,02 mixture utilization 

in the Bunsen reaction, catalytic liquid phase HI decomposition, 

and H3PO4 treatment to recover HI from HI-I2-H2O solutions. As 

shown in this section, R&D discoveries have not been exhausted in 

this field. This section reports two methods of circumventing 

the H3PO4 treatment—one as a new idea and the second as a par­

tially developed scheme. In addition, some characterization of 

the H3PO4 treatment of HIx solutions is reported. Finally, a 

better way to catalyze the HI ( ) decomposition is presented. 

Much profitable work still lies in the future. 

5.2. HBr TREATMENT OF HIx SOLUTIONS 

In the sulfur-iodine cycle a solution of HI, I2, and H2O is 

produced. This solution is the latent source of H2 from the 

cycle. The HI and the H2O are present in this solution at par­

tial molar free energies of -6.2 and -0,6 kcal/mole, respec­

tively (Ref, 5), In order to separate these components, at least 

these energies must be supplied. The cycle, in its current em­

bodiment, uses concentrated H3PO4 to act on the solution in such 

a way that most of the iodine separates into a second phase, and 

more importantly the chemical potential of the H2O is lowered by 

binding H2O in the influence sphere of the H3PO4. This results 

in enhancement of the chemical potential of HI to the degree that 

it can be separated from the H2O-H3PO4 solution by fractional 

distillation. Most of the energy associated with the HI-H2O-I2 

solution separation is required during the separation of H2O from 
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H3PO4 to prepare the H3PO4 for recycle. In the present engineer­

ing design of this portion of the process, this energy is sup­

plied as work in the form of vapor recompression by turbines 

which take H2O vapor from the H3PO4 distillation and compress it, 

causing condensation and the concomitant release of the heat of 

vaporization at temperatures slightly higher than the heat used 

to evaporate the H2O in the first place. This vapor-recorapres-

sion scheme saves considerable heat energy but uses expensive 

work energy generated in expensive equipment. 

Because of the costs of processing and not because of energy 

efficiency considerations, other techniques for HI recovery from 

HI-H2O-I2 solutions have been investigated. Finding other com­

petitive methods to rectify this solution is not any easy task. 

The energies involved are those of chemical reactions not usually 

encountered in solution separations. A simple extraction agent 

for HI must react with HI with greater energies than HI has with 

H2O-I2 systems. While one may find appropriate agents, the prob­

lem then becomes how to get the HI out of the extraction agent. 

A number of organic reagents which may extract HI reasonably 

well fail at this later stage. Nevertheless, success has been 

achieved in the search for alternate methods of processing HI-I2-

H2O solutions. 

In an earlier publication (Ref, 6), HI and H2O mixtures were 

reported to form two liquid phases: (1) a nearly dry liquid HI, 

and (2) a strong superazeotropic solution of HI in H2O, Mixtures 

of HCI-H2O were also reported to phase separate (Ref, 23). 

This liquid-phase formation was concluded to have considerable 

value in separating HI from HI-I2-H2O product solutions from the 

H2O-SO2-I2 reaction. However, to achieve separation conditions, 

the HI content of these product solutions needs to be consider­

ably increased. Up to now, this seemed possible only by tech­

niques already in use, such as H3PO4 treatment. 
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still earlier, a high-pressure distillation to break the 

HI-H2O-I2 pseudoazeotrope was investigated (Ref, 1) as an alter­

native to the H3PO4 treatment. This distillation process was 

found to be considerably less efficient than breaking the azeo­

trope of HCI-H2O (Ref, 24), Thus, the pursuit of this technique 

was temporarily abandoned. However, some engineering evaluations 

of the small azeotrope shifting, found to occur in the HI-H2O 

system (57% HI to ~45%), indicated that this process is basi­

cally similar in efficiency to the H3PO4 treatment. 

A process has been conceived which combines high-pressure 

azeotrope shifting, two-phase formation, solvent extraction using 

a hydrogen halide (HCl or HBr) for HI separation, and some other 

features to sharply reduce the amount of H2O distilled in proc­

essing HIx solutions. To establish the feasibility of this proc­

ess, laboratory experiments were undertaken to study (1) the 

distribution of HI between a dry hydrogen halide phase and the 

wet phase, (2) the behavior of I2 in these phases, (3) the high-

pressure distillation to separate H2O and HBr, (4) the fate of 

the HBr and the degree of reaction of the reactants in the H2O-

SO2-I2 reaction, and (5) the recovery of HBr from these product 

solutions. These studies will be considered in this section, 

5,2,1, Hydrogen Halide-Water System 

During the course of investigating the catalytic decomposi­

tion of liquid HI, systems that were wet were studied to find the 

H2O effect on catalysis. Surprisingly it was found that only a 

very limited amount of water could be added to a liquid HI-I2 

system without separation of a second phase, high in water con­

tent (Ref, 6) , This separation was found to take place whether 

or not I2 was present and persisted up through the condition 

where solid I2 was present. The phase boundaries are presented 

in Fig, 37 for two temperature levels, A parallel to this 

unusual separation and coexistence of two so very interactive 

species was encountered in the HCI-H2O system (Ref, 23). As a 
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portion of the work done on this program, the phase separation m 

the HBr-H20 water system was determined to result in coexisting 

equilibrium phases of a rather dry HBr solution and a 41 mole % 

solution of HBr in H2O at 273 K. Thus, all three hydrogen hal-

ides tested (HF does not exhibit this phase separation) exhibit 

phase separation which may be best characterized by indicating 

that dry liquid hydrogen halides and hydrated hydrogen halides do 

not mix. This finding has been extended to hydrogen halide mix­

tures and water. These mixtures became a subject for investiga­

tion as a separation system for hydrogen halides and water. 

These studies have included investigations of HCI-HI-H2O and 

HBr-HI-H20 mixtures to determine the position of the tie lines in 

these systems in the presence of I2. 

In order to define these tie lines, a distribution coeffici­

ent approach was developed. This distribution coefficient is 

defined as 

Hlory . HX^et 
D = = 

Hlwet • HXcry 

where the ratio of concentrations of the two hydrogen halides (in 

mole fractions) in the two phases are ratioed. This distribution 

coefficient has been found to be reasonably constant over a wide 

range of HI mole fractions when compared to one of the other 

hydrogen halides. Temperature variation studies have not revealed 

much sensitivity of the distribution coefficient, while at high 

temperature, iodine (when present in massive quantities) has 

shown a significant effect on this coefficient. 

The most desirable occurrence would be to find a large value 

for the defined coefficient because this would mean that HI could 

be extracted efficiently in the dry phase with minimal amounts of 

the other hydrogen halide. 
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Hydrogen chloride was tested with rather discouraging re­

sults. The measured distribution coefficient with no I2 present 

at ~260 K was 0.32, It would have been fortunate if HCl had 

worked better since the HCI-H2O azeotrope can be broken in high-

pressure distillations (Ref, 24) such that H2O alone is left in 

the pot of the high-pressure distillation. This would have meant 

that HCl could be completely recovered by boiling it out of HCl-

H2O mixtures. The 0.3 distribution coefficient means, however, 

that about 12 times as much HCl must be distilled as there is HI 

present. This appears to be excessively energetic. 

In contrast, HBr exhibits a much more favorable distribution 

coefficient of about 5. Tie lines which define this distribution 

coefficient are shown in Fig. 38, These were measured at differ­

ent temperatures (273 to 356 K), pressures, and iodine contents 

(up to 8%), The distribution coefficients varied from 4,7 to 6,1 

for these measurements—basically a constant. The phase boundary 

of the wet phase is depicted as a line connecting an Hl-free 

value to an HBr-free value. The data, to a reasonable approxima­

tion, fit this line. There appears to be some small trend for 

the higher temperature points to have higher H2O concentrations. 

Using these data in a countercurrent extractor model, one 

can predict that 1 mole of HI can be extracted by 2,4 moles of 

HBr, When this is done, one obtains as one product solution a 70 

mole % solution of HI in HBr on an I2- and H20-free basis. The 

remaining solution contains essentially all of the original water 

and 2- moles HBr/initial mole of HI, The iodine appears in both 

solutions according to its solubilities and may appear as a solid 

under certain circumstances. However, it appears that, at a high 

enough temperature in the countercurrent column, the HBr will 

also extract the I2. This is based on previous work on HI-I2 

solubilities (Ref, 26) and the similarities of liquid HBr and 

liquid HI. There needs to be little said about the dry HI-HBr 

phase. One can distill the HBr and HI out of it to purify the 

HI, or one could directly decompose HBr-HI mixtures in liquid 
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decomposition processes already a part of the sulfur-iodine cycle 

(Ref. 6) . In either case, processing the 70 mole % HI does not 

appear to be much of a problem. Processing the HBr-H20 product 

solution does appear to be more of a problem and has been the 

object of study. 

5.2.2. Experimental Procedures - High-Pressure Distillation 

Studies 

A portion of the GA development program on the water-split­

ting cycle has been high-pressure (up to ~300 bars) distillation 

studies. An apparatus has been constructed that allows for sup­

plying heat to a quartz still which operates inside of a pressure 

vessel. This apparatus is shown in Fig. 39 and is further 

described in Refs, 1 and 2. Its features include (1) a circulat­

ing boiler section which is heated by a bayonette heater located 

in a well at the bottom of the apparatus, (2) a vapor section 

which is insulated so that essentially no refluxing occurs in 

this section, (3) a vapor annulus surrounding and insulating the 

vapor section, (4) a condenser section through which a cooling 

fluid is pumped from the bottom of the pressure vessel, (5) a 

delivery tip equipped with a drop counter system to measure 

liquid flow from the still, and (6) a lazy susan collector system 

where successively each of six collection tubes can be positioned 

to accept the flow from the still. The still temperatures are 

measured by thermocouples located in an improved (since that dis­

cussed in the references) tube penetration ending in the insu­

lated vapor section at the top of the boiler. In some previous 

work H2O was used as the condenser coolant liquid, but in this 

work low-vapor-pressure, 10-centistoke L-45 silicone fluid 

obtained from Union Carbide was used. This was necessary to 

prevent the coolant from contaminating the distillation cuts. 

The studies were made by installing the loaded cell in the 

pressure system, evacuating the system to remove traces of air 

and H2O, and backfilling with argon to the desired pressure as 
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determined through the use of calibrated gauges. The still was 

then heated, pressures and temperatures were recorded (the pres­

sure increased as the still was heated), and when distillation 

took place, the distillate flow was noted and the collection 

tubes were changed at appropriate times. 

When the experiment was completed the still was cooled, the 

system was depressurized and disassembled, and the samples were 

protected as necessary. The composition of the samples was mea­

sured by titrimetric methods. 

The vapor-liquid equilibrium data were constructed from the 

mass balances derived from the weights of the distillates and pot 

residue and the analyses. 

Initially this technique was used to study the H2SO4-H2O 

azeotrope. This work was performed early under an LANL subcon­

tract (Ref. 27) . Since that time the apparatus has been recon­

structed so that thermocouple wires directly penetrate into the 

high-pressure apparatus and thus accurately measure the still 

temperatures. Previously these temperatures were underestimated 

due to chemical penetration temperature gradients where those 

penetrations carried the thermocouple voltages. 

5.2.3. Rectification of the H20-HBr Solution 

The HBr-H20 solution resulting from the countercurrent 

extractor is highly superazeotropic in HBr. Thus, much of the 

HBr can be distilled out of this mixture without a large energy 

expenditure. Nevertheless, the distillation of HBr out of the 1 

atm HBr-H20 azeotrope (48% HBr) does involve energetic processes. 

Since the HCI-H2O azeotrope was known to break in a high-pressure 

distillation, the HBr-H20 was worth investigating. This was done 

utilizing the described high-pressure apparatus. 
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Charges above, below, and some quite near 25% HBr were dis­

tilled at ~200 atm, 350OC with the result that the pot composi­

tion moved toward 25% HBr. This composition is, thus, the 200 

atm azeotrope. It is believed that this pressure is attainable 

and, thus, that a 25% HBr product can be obtained in a distilla­

tion column wherein HBr is the other product when above 25% HBr 

is distilled.* The data indicate that the HBr distillation can 

be done with, a reasonable number of plates. It is expected that 

the efficiency of this distillation can be high. The problem then 

is how to recover or utilize this 25% HBr solution. 

5.2.4. Treatment of the 25% HBr Solution 

The result of the HBr treatment of HI-I2-H2O solutions is 

that the water from this system contains about 25% HBr. Direct 

distillation techniques, without distilling water or adding 

agents such as H3PO4, will not result in reducing the HBr content 

of this mixture. The goal of this effort was to reduce the dis­

tillation of water from this product. In the present sulfur-

iodine cycle all of the water in this product is distilled from 

H3PO4. 

Clearly, there are ways of utilizing this solution and its 

relatively high water chemical potential. For instance, one 

could couple this solution osmotically with H2SO4 solutions like 

the 57% product of the H2SO4 boost reaction (Norman and others, 

1980). In this case, for a water-only permeable membrane, water 

will pass from the HBr solution to the H2SO4 solution, diluting 

the H2SO4 product (countercurrently one could achieve an even 

more concentrated HBr solution). This HBr solution could be 

again treated by high-pressure distillation as recycle material. 

This process, however, requires a membrane stable in strong acids 

*Tests at this same pressure on HI-H2O-I2 solution have resulted 

in a shift of the HI-H2O pseudoazeotrope from ~57 to ~45% HI—a 

shift, marginal at best, for treating HI-H2O-I2 solutions. 

5-11 



with specific high water transport. This membrane is not believed 

to be available in an economic sense. Other processes such as 

using the 57% H2SO4 to break the HBr-H20 azeotrope might also 

have a degree of success. 

One process that has considerable merit has been studied. 

This is to use the 25% HBr solution directly in the H2O-I2-SO2 

reaction to produce H2SO4 and HI. This study was done using the 

same technique as employed previously to study the H2O-I2-SO2 

reaction itself (Ref. 5). A 25% HBr solution with added iodine 

was treated at 950C with SO2. The off-gases carried from the 

reaction product by transpiring SO2 were used to determine the 

chemical activities of the volatile solution species. The 

results of the 25% HBr experiment (50% HBr solutions were also 

tested) , where enough I2 was used so that the phases were close 

to saturation with I2 at 950C, are given in Table 6. The high 

activity of I2 was discerned from the closeness of the I2 vapor 

pressure to that of pure I2. 

Table 6 demonstrates a considerable H2O-I2-SO2 reaction. If 

one assumes the HBr surviving the reaction is azeotropic HBr 

(47.5%), then one arrives at the conclusion that essentially the 

yields of H2SO4 and HI are consistent with reacting normally with 

the water present in excess of that required to bring the HBr to 

azeotropic. This means that between 1/2 and 2/3 of the water 

from a 25% HBr solution can be reacted to form normal H2O-I2-SO2 

reaction products. Thus, this water does not have to be boiled 

in the cycle. The fraction of this water in the HI product solu­

tion is again recycled through the HBr treatment. Any HBr in 

this product is of no concern since more HBr is added in extrac­

ting the HI component. However, the system is complicated by 

having to process the H2S04-H20-HBr solution. 

No experiments have been performed to determine the effect 

of the H2SO4 boost reaction (Ref. 5) on this product. However, a 

countercurrent I2, SO2 treatment will make more H2SO4 and HI and 
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TABLE 6 

A STUDY OF THE SO2-H2O-I2 REACTION IN 25% HBr SOLUTION AT 950C 

HI 

HBr 

I2 

H2O 

H2SO4 

SO2 

Upper Phase 

(wt %) 

3.4 

25.0 

3.3 

46.9 

21.3 

-

Lower Phase 

(wt %) 

7.4 

2.4 

82.5 

7.0 

(0.6) 

-

Vapor Pressure 

(Atm) 

-0.004 

0.016 

0.042 

0.290 

-

0.656 

Activity 

(a) 

(b) 

0.86 

0.35 

(a) Result was negative due to errors in subtracting formed HI from 

the H2O-SO2-I2 reaction based on amount of H2SO4 found. 

(b) The HBr/H20 molar ratio was 0.055, while the mole ratio for the 

HBr/H20 atmospheric azeotrope is 0.204, 
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extract more HBr. In fact, it is projected from the experiment 

on 25% HBr solution that the boost reaction I2 will extract 

nearly completely the HBr from the H2SO4. This being the case, 

the product of the boost reaction is expected to approach the 57% 

H2SO4 previously achieved without HBr present. In this case this 

HBr is returned to the main reactor with its accompanying H2O. 

It thus appears that the only water that will need to be 

boiled in the sulfur-iodine water-splitting cycle is that 

accompanying the 57% H2SO4. This is indeed a minimization of 

this quantity if one does not utilize solid sulfate techniques 

such as offered by, for example, Bi2(S03)3 techniques. 

5.2.5. Rectification of the H2S04-H20-HBr Solution 

If HBr is not sufficiently removed by the boost reaction, 

then the question is what is its fate. The HBr-H2S04-H20 solu­

tion exhibits questions in common with the Ispra sulfur-bromine 

cycle: in particular, how does one separate HBr from H2SO4. The 

problem is far less difficult than the HI-H2SO4 separation. In 

this latter case, H2SO4 acts like an oxidizing agent toward HI at 

concentrations of H2SO4 around 50% to 60%. At these concentra­

tions HBr is not oxidized. Moreover, at a concentration of about 

60% H2SO4, the HBr-H20 azeotrope is broken (Ref. 28). This means 

that dry HBr can be obtained from the HBr-H20-H2S04 product by 

adding more concentrated H2SO4 and fractionally distilling. Con­

centrated H2SO4 is a necessary product of the operations of the 

sulfur-iodine cycle. A recycle of concentrated H2SO4 is within 

the normal scope of operations of the sulfur-iodine cycle. Thus, 

the selection of concentrated H2SO4 to act as an extractive agent 

for water in the extractive distillation is appropriate. Without 

adding extra H2SO4, it will be necessary to distill out the water 

contained in the product anyway. After adding the H2SO4 this 

same H2O must be distilled. Of course, on the average, it is 

distilled from a deeper thermodynamic sink. That is, it takes 
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more energy per mole of water to distill 70% H2SO4 to azeotropic 

composition than it does 50% H2SO4. Nevertheless, this concen­

trated H2SO4 recycle results in obtaining the HBr in a dry form, 

which is a prerequisite for the treatment of the HI-H2O-I2 

solution. 

5.2.6. Conclusions 

As a review of the revised sulfur-iodine cycle, a block 

diagram of this modification is presented in Fig, 40. The five 

additional and/or replacement sections are designated by stars. 

Three such blocks involving H3PO4 were replaced. The results 

presented in this report also indicate that the boiling of water 

in the cycle will be very substantially reduced (probably a fac­

tor of 3 or more). This savings does not come without cost, 

however. Distillation of HBr is an added task that has to be 

performed. At least 2.4 times the amount of HI in the form of 

HBr must be distilled also. The relative costs of equipment and 

operational costs as compared with the reference design H3PO4 

process will determine whether this scheme is a true improvement 

in the sulfur-iodine cycle. At this point the HBr treatment is 

not clearly better, and an extensive evaluation is required. It 

is also true that the HBr system, aside from being not completely 

defined, is far from optimized. Thus, there is considerable work 

to be done on this modification, but at present it looks promis­

ing. 
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5.3 HYDROGEN IODIDE DECOMPOSITION UTILIZING A HOMOGENEOUS 

CATALYTIC PROCESS 

During the past few years, methods for improving the hydro­

gen-producing step of the GA sulfur-iodine water-splitting cycle, 

namely, the decomposition of HI, have been studied with support 

from the Gas Research Institute and the U.S. Department of Energy. 

The catalytic decomposition of gaseous HI was first investigated 

since a literature search revealed only a limited amount of avail­

able data in this area. Several gaseous catalytic studies were 

conducted at GA (Ref. 9), and a few systems were shown to be use­

ful to the process. The National Chemical Laboratory for Industry 

in Japan is continuing such gaseous investigations (Ref. 29). 

Subsequent work at GA has concentrated on enhanced HI decom­

position concepts. Initially, an attempt was made to decompose 

gaseous HI in the presence of liquid iodine (I2) (Ref. 3). This 

attempt failed because HI contact with the catalyst in the pres­

ence of liquid I2 was greatly reduced, thereby depressing the 

reaction significantly. 

Another enhanced conversion concept studied consists of de­

composing HI in the liquid phase. Theoretical calculations indi­

cate that high conversion levels are possible using such a scheme, 

and indeed high conversions were verified experimentally (Ref. 6). 

In addition, the same article reports that the magnitude of ex­

trapolated rate data to high process temperatures appears suffi­

cient to result in a viable process for HI decomposition. The 

above rate data were obtained by extrapolating measured rate data 

from lower temperatures and pressures in batch studies performed 

on supported platinum and ruthenium catalysts. 

Recently, some data for a supported platinum catalyst at 

closer to actual engineering temperatures and pressures were 
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obtained in a new flowing liquid HI bench-scale system. The rate 

value obtained gave credence to the use of the extrapolated lower 

temperature data. When incorporated into the flowsheet for the 

overall sulfur-iodine cycle, the liquid HI decomposition process 

results in a considerable benefit to the cycle. The capital 

equipment cost is reduced, and overall thermal efficiency of the 

process is increased by an incremental 3% over that for the 

gaseous HI conversion case. 

Further in-depth studies, however, revealed a problem associ­

ated with the use of heterogeneous catalysis to decompose liquid 

HI, This is associated with the finding that at least platinum, 

whether supported or not, does dissolve in the liquid HI to a non-

negligible degree. This requires the use of some kind of catalyst 

recovery and remanufacture scheme. Catalyst recovery and remanu-

facture are commonplace in the chemical industry but add to the 

complexity and to the operational and capital costs of the overall 

process. It was due to the discovery of such an additional re­

quirement of the process that some consideration was given to the 

use of homogeneous catalysis to decompose HI and to potential 

separation schemes inherent in the practical application of homo­

geneous catalysis. 

This section describes a homogeneous catalyst concept in 

which there is an innate separation of the catalyst from the HI 

liquid, thereby allowing the catalyst to be totally recycled to 

the reactor. The concept is based on some unique findings sur­

rounding the phase behavior of HI-I2-H2O mixtures. For certain 

compositions of these three chemicals, two liquid phases in equi­

librium can exist (Ref. 30). One phase is a very dry phase of HI 

and I2; the other is an aqueous phase containing both I2 and HI. 

It has been found that it is in this latter phase that certain 

homogeneous catalyst compounds tend to concentrate. This means 

that the aqueous phase acts essentially as the catalyst carrier 

and can be recycled to the HI decomposition reactor without having 

to recover the catalyst. 
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The potential advantages over a process employing heterogene­

ous catalysts with the need to recover and remanuf acture 100% of 

the catalyst are worth investigating. The proposed homogeneous 

process has been conceptually flowsheeted and major areas requir­

ing investigation have been identified. The needed information 

consists mainly in identifying the solubility and distribution of 

the catalyst in the fluids of the process train at engineering 

conditions, determining the best area of the HI-I2-H2O phase dia­

gram in which to work, and determining the best schemes for cata­

lyst recycle. 

The results of lower temperature surveys (<323 K) employing 

several catalyst compounds are reported. Included are compounds 

such as Mo(C0)6f H2PtCl6'6H20, Ptl2, RhCl3«3H20, PdCl2, and Pdl2, 

listed in the order of increasing reaction rate for decomposition 

of HI. Also studied were compounds of Pbl2, Fel2, and Nil2 which 

displayed an undetectable activity level. 

Solubility data, distribution coefficient data, and Arrhenius 

behavior for the most active catalyst, Pdl2, were studied in more 

detail. This promising catalyst candidate has been shown to have 

an activation energy higher than for all other homogeneous and 

heterogeneous catalysts studied. Furthermore, the extrapolated 

absolute rate on a per-gram active metal basis is significantly 

higher than the best candidate found to date (i.e., Pt/Ti02). The 

conversion level, based on throughput of HI in the reactor, is 

about 48% for the design conditions chosen; and the reactor resi­

dence time is projected to be as small as 4 sec or less for the 

Pdl2 candidate. There is an expected decrease in conversion level 

based on reactor HI throughput compared to that for the hetero­

geneous case due to inherent recycle conditions associated with 

the process utilizing homogeneous catalysis. The effect of in­

creased recycle of HI on the process must be weighed carefully 

against the anticipated savings in catalyst recovery and remanu-

facture processing. Complete flowsheeting of the proposed homo­

geneous catalysis process including mass and energy balance deter-
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mination and capital equipment cost analysis is required for a 

valid comparison with the heterogeneous system. 

5.3.1. Basis for the Homogeneous Catalysis Concept for Hydrogen 

Iodide Liquid Decomposition 

5.3,1,1. Natural Separation Step for Homogeneous Catalysis Con­

cept. 

The basis for separation of the catalyst is reliant on carry­

ing the catalyst in a separate liquid phase in contact with the 

liquid HI. Such a phase is inherently present for certain HI-H2O-

I2 mixtures as shown in Fig. 37. The phase behavior of such mix­

tures has been researched at GA and will be reported in detail in 

a separate paper (Ref. 30). Therefore, only the information per­

tinent to making a homogeneous catalyst process work will be 

reported here. 

Figure 37 illustrates that a two-liquid region exists over 

the temperature range 297 to 344 K in which an almost dry phase of 

HI-I2 containing less than an estimated 0.5 mole % H2O exists in 

equilibrium with an aqueous HI-H2 phase. Some of the measured tie 

lines are shown in Fig. 37. Temperatures were restricted to below 

344 K in the above study due to pressure limitations of the equip­

ment used. However, it does appear that the boundary of the two-

liquid region, at least above the apex of the triangular two-

liquid/solid region̂  is very insensitive to temperature change. It 

is assumed that such an insensitivity will persist even for higher 

temperatures, perhaps even for temperatures close to the critical 

temperature for pure HI (424 K) and above. The presence of dis­

solved I2 and H2O is expected to increase the critical tempera­

ture. 

Figure 41 shows what may be expected to occur as temperature 

is increased. This series of phase diagrams has been generated 

assuming no change in the location of the boundary of the two-
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phase region above point S as the temperature is increased, a 

reduction in the size of the two-liquid/solid region as S moves 

down and P moves toward I2, and an eventual disassociation of the 

liquidus line joining the H2O apex and point S, thus leaving the 

two-liquid region as an isolated self-bounded area. In addition 

to following phase-rule behavior, pertinent information used in 

generating the diagrams of Fig. 41 are the measured I2 solubility 

in HI at different temperatures (Ref. 25) and the solubility of I2 

in H2O and H2O in I2 (Ref. 31). 

A further detail can be added to the behavior of the two-

liquid region of Fig. 41 with increasing temperature. The mea­

surements made at 297 and 344 K show a tendency for the dry phase 

to continue to reject water even upon the addition of more I2. 

This strongly implies the tendency for the lower boundary of the 

two-liquid region to remain close to the HI-I2 axis even out to 

high I2 values. The consequence of such behavior is for the 

two-liquid region to sharply rise near its closure point and 

provide the type of boundary sketched in Fig. 42. Another implied 

consequence from the observed behavior is a reversal of the tie 

line slopes as shown. Certainly, direct measurements of the 

actual boundary and position of the tie lines at the higher tem­

peratures must be made eventually; a high-pressure sampling system 

is required to do so. Meanwhile, the assumed behavior has some 

credence based on the extrapolation of available data. 

With the above judiciously chosen assumption it becomes pos­

sible to envisage a process to decompose liquid hydrogen iodide 

which operates using a tie line similar to that drawn as line AB 

in Fig. 42. The choice of such a line is important to the opera­

tion of a homogeneous catalysis system to decompose hydrogen 

iodide. The more concentrated the I2 is at point A, the higher 

the conversion level which can be expected across the reactor. In 

addition, as verified experimentally, many very active catalyst 

compounds are carried almost entirely in the wet phase. Thus, it is 

equally important that point A not have much H2O content, since 
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having such could mean a poorer separation of catalyst between the 

liquid phases and consequently more extensive catalyst recovery 

and recycle operations downstream. 

5.3.1.2. Solubility of Catalyst in HI-H2O and HI-H20-I« Mixtures. 

Another criterion which must be met when employing a homo­

geneous concept for decomposing liquid HI concerns the solubility 

of the catalyst compound in the HI-H2O-I2 mixtures of the process. 

Since the aqueous phase is what carries the catalyst and allows 

separation and recycle of catalyst to the reactor, the chosen 

catalyst must be both active enough and soluble enough in this 

phase to lead to reasonable inventories. Too much recycle of the 

catalyst carrier phase necessitates larger reactor and recycle 

equipment, adding to catalyst and capital equipment costs. 

5,3,1,3, Distribution of Catalyst Between Dry and Aqueous HI-I2 

Phases, 

In order to use the envisaged homogeneous catalytic process 

discussed herein for liquid HI decomposition, a distribution of 

dissolved catalyst highly favoring the aqueous HI-I2 phase is re­

quired. Any amount of catalyst carried in the dry phase must be 

recovered and recycled in additional process steps. There is 

obviously no major advantage over a heterogeneous system in which 

there is dissolution of the catalyst in the liquid HI if too much 

of the catalyst is carried in the dry phase of the proposed two-

5.3.2. Conceptual Homogeneous Catalytic Decomposition Process 

A conceptual homogeneous catalytic decomposition process 

using the aqueous phase associated with the two-liquid region of 

the phase diagram is proposed. The flowsheet for such a process 

is shown in Fig. 43. 
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Tables 7, 8, and 9 provide the estimated material balance, 

the power requirements of pumps, the expected output power for 

turbine expanders, and heat loads of the heat exchangers. Fluid 

flow streams are identified by stream numbers as indicated within 

circles in the diagram and in parentheses in the text. A brief 

description of the working of the process following the flowsheet 

(Fig. 43) is in order. The flowsheet is based on the production 

of 1 mole H2. 

Liquid HI, almost dry and free of I2, at 5.0 MPa and 303 K 

comes to the proposed process from Section III (HI separation and 

purification) of the overall water-splitting process. The incom­

ing HI from Section III (401A) is then pumped up to a pressure of 

15.65 MPa accompanied by a small increase in temperature. The HI 

is then heat exchanged in E401 to a temperature of about 395 K; 

also returning to this point is stream (412) from the HI-I2 dis­

tillation column C401, which is also at 395 K and 15.65 MPa. Heat 

exchanger E402 then boosts the combined almost pure HI stream to a 

temperature of 414 K before entering the reactor R401. A stream 

(415B) also enters the reactor cocurrently; it is an aqueous HI-I2 

phase carrying the dissolved catalyst to the reactor at 424 K. 

The reactor R401 is a cocurrent plug flow reactor having 

internal baffling to assure intimate mixing of streams (402B) and 

(415B). Exiting from R401 is a two-phase (liquid-vapor) HI-I2-

H2O-H2 system stream (403). Within the reactor itself are three 

phases (liquid-liquid-vapor), all of which vary in composition 

along the length of the reactor, but conditions are chosen such 

that only a single aqueous liquid phase given by the composition 

at the point B in Fig. 42 exits the reactor in phase equilibrium 

with the gas phase. The liquid mixture composition actually 

changes from the entrance to exit of the reactor along the line CB 

drawn in Fig. 42. The end points of the tie lines which are 

crossed in going from C to B give the compositions of the liquid 

phases in equilibrium along with the relative magnitude of the 
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TABLE 7 
MATERIAL BALANCE - SECTIOJ IV: HOMOGENEOUS CATALYTIC HK)CESS 

Stream 
Nimber 

Molar Flow Ratios 

HI I2 H2O H2S H2 302 Pd Total Phase 
Pressure 

(MPA) 
Tanp. 

(K) Conunents 

1 

401A 

401B 

401C 

402A 

402B 

403 

404A 

40 4B 

404C 

405 

406 

407 

408A 

408B 

408C 

409A 

409B 

409C 

409D 

410 

411A 

2.0343 

2.0573 

2.0573 

3.6249 

3.6249 

1.82% 

0.5264 

0.5264 

0.5264 

1.3032 

0.1565 

1.9196 

1.9193 

1.9193 

1.9193 

1.9605 

1.9605 

1.9605 

1.9605 

0.0891 

1.8714 

0.0010 

0.0010 

0.0010 

0.0015 

0.0015 

1.0416 

0.0013 

0.0013 

0.0013 

1.0403 

0 

1.0417 

1.0393 

1.0393 

1.0393 

0.0006 

0.0006 

0.0006 

0.0006 

TRACE 

0.0006 

0.0020 

0.0020 

0.0020 

0.0020 

0.0020 

0.3328 

0.0002 

0.0002 

0.0002 

0.3326 

0.3176 

0.0152 

0.0152 

0.0152 

0.0152 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0012 

.0012 

.0012 

.0012 

.0012 

.0012 

.0012 

.0012 

.0012 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

1.0000 

1.0000 

1.0000 

1.0000 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 2.0385 

0 2.0385 

0 2.0385 

0 3.6296 

0 3.6296 

0.002301 4.2052 

1.5291 

1.5291 

1.5291 

2.6784 0.002301 

0.002287 0.4764 

0.000014 2.9765 

0 2.9738 

2.9738 

2.9738 

1.9611 

1.9611 

1.9611 

1.9611 

0.0891 

1.8720 

L 

L 

L 

L 

U-G 

G 

Irf-G 

Irt-G 

L 

L 

L 

L 

L 

L 

G 

L 

L 

L 

L 

L 

5.07 303 

15.65 

15.65 

15.65 

15.65 

15.65 

15.65 

15.65 

15.65 

15.65 

15.65 

15.65 

15.65 

15.65 

5.07 

5.07 

5.07 

5.07 

5.07 

5.07 

5.07 

305 

395 

395 

414 

424 

424 

303 

291 

424 

424 

424 

424 

419.2 

420.5 

393 

393 

393 

393 

393 

393 

HI fran 

Sect. I l l 

(cont.) 



TABLE 7 
MATERIAL BALANCE - SECTIOJ IV: HOMDGENBOUS CATALYTIC PROCESS (Cont.) 

Ul 
1 

M 
00 

Stream 
Number 

411B 

412 

413A 

413B 

414 

415A 

415B 

416A 

416B 

417 

418A 

418B 

419A 

419B 

419C 

420 

421 

422A 

422B 

Molar Flow Ratios 

HI 

1.8714 

1.5906 

0 

0 

0.0482 

0.2047 

0.2047 

0.4921 

0.4921 

0.2808 

0.7729 

0.7729 

0.0479 

0.0479 

0.0479 

0.0343 

0 

0 

0 

l2 

0.0006 

0.0005 

1.0010 

1.0010 

0.0401 

0.0401 

0.0401 

0.0013 

0.0013 

0.0001 

0.0014 

0.0014 

0.0377 

0.0377 

0.0377 

0 

0 

0. 

0 

H2O 

0 

0 

0.0020 

0.0020 

0.0132 

0.3308 

0.3308 

0.0002 

0.0002 

0 

0.0002 

0.0002 

0.0132 

0.0132 

0.0132 

0 

0.0003 

0.0289 

0.0289 

H2S 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0.0012 

0 

0 

0 

H2 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

1.0000 

0.0012 

0 

0 

S 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

1.0000 

0 

0 

SP2 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0.0006 

0.0006 

0. 

0. 

0. 

0 

0 

0 

Pd 

0 

0 

0 

0 

Total 

1.8720 

1.5911 

1.0030 

1.0030 

000014 0.1015 

002301 

002301 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0.5756 

0.5756 

0.4936 

0.4936 

0.2809 

0.7745 

0.7745 

0.0988 

0.0988 

0.0988 

1.0355 

1.0015 

0.0295 

0.0295 

Phase 

L 

L 

L 

L 

L 

L 

L 

L 

L 

L 

L 

L 

L 

L 

L 

G 

G 

L 

L 

Pressure 
(MPA) 

15.65 

15.65 

5.07 

5.07 

15.65 

15.65 

15.65 

15.65 

15.65 

15.65 

15.65 

15.65 

5.07 

5.07 

15.65 

15,65 

15.65 

0.195 

15.65 

Tanp 
(K) 

395 

395 

713 

393 

424 

424 

424 

291 

395 

395 

395 

424 

500 

422 

424 

291 

299 

298 

299 

Comments 

I2 to 

Set 1 

(cxjnt.) 

SO2 from 

Sect. 1 



TABLE 7 
MATERIAL BALANCE - SECTION IV: HOMOGENEOUS CATALYTIC PROCESS (Cont.) 

ai 
1 

VD 

Stream 
Nimber 

423 

424A 

424B 

424C 

425A 

425B 

426 

427 

428 

429 

430 

431A 

431B 

432A 

43 2B 

433 

434A 

43 4B 

0 

0 

0 

0 

0 

HI 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

.2613 

.2613 

.0343 

.2270 

.2270 

l2 

0 

0 

0 

0 

0 

0 

0 

0.4790 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

Molar Flow 

H2O 

0.0292 

0,0005 

0.0005 

0.0005 

0.5000 

0.5000 

0.0210 

0 

0.4700 

0.0090 

0.0345 

0.0255 

0.0255 

0.2613 

0.2613 

0.0343 

0.2270 

0.2270 

H2S 

0.0012 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

Ratios 

H2 

1 

1 

1 

1 

0000 

.0000 

0000 

.0000 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

s 

0 

0 

0 

0 

0.0018 

0.0018 

0.0018 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

S02 

0.0006 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

Pd 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

Total 

1.031 

1.0005 

1.0005 

1.0005 

0.5018 

0.5018 

0.0228 

0.4790 

0.4700 

0.0090 

0,0345 

0,0255 

0,0255 

0.5226 

0.5226 

0.0686 

0.4540 

0.4540 

Phase 

G 

G 

G 

G 

L 

L 

u-s 

L 

L 

L 

L 

L 

L 

L 

L 

L 

L 

L 

Pressure 
(MPA) 

15.65 

15.65 

5.07 

5.07 

15.71 

15,65 

0.520 

15.65 

15.65 

15.65 

15.65 

0.101 

15.65 

15.65 

15.71 

15.65 

15.65 

15.65 

Temp. 
(K) 

299 

299 

215 

303 

299 

299 

299 

299 

299 

299 

299 

298 

299 

323 

323 

323 

323 

303 

Comments 

S Slurry 

to Sect II 

Make-up 

H2O 

HI,H20, to 

Sect. I l l 



TABLE 8 
POWER DEVICES - SECTION IV: HOMOGENEOUS (̂ T̂ALYTIC PROCESS 

U1 
I 
CO 
o 

Power 
Device 
Number 

P401 

P402 

P403 

P404 

P405 

P406 

P407 

P408 

P409 

TE401 

TE402 

Energy 
Load 
(kJ) 

1.390 

1.739 

0.009 

0.010 

0.077 

1.639 

1.877 

Inlet 
Stream 
Number 

401A 

411A 

409C 

431A 

432A 

422A 

425A 

419B 

415A 

408A 

424A 

Inlet 
Pressure 
(MPa) 

5.07 

5.07 

5.07 

0.101 

15.65 

0.195 

15.65 

5.07 

15.65 

15.65 

15.65 

Outlet 
Stream 
Number 

401B 

411B 

409D 

431B 

43 2B 

422B 

425B 

419C 

415B 

408B 

424B 

Outlet 
Pressure 
(MPa) 

15.65 

15.65 

5.07 

15.65 

15.65 

15.65 

15.65 

15.65 

15.65 

5.07 

5.07 

(^cmments 

Negligible Bower Consumption 

Negligible Bower (jonsumption 

Negligible Power (jonsumption 

Negligible Power (jonsumption 



TABLE 9 
HEAT EXCHANGERS SBCri(»J IV: HOMDGENBOUS CATALYTIC PROCESS 

Ul 

I 

Heat 
Exchange 
Nimber 

E401 

E402 

E403 

E404A 

E404B 

E404C 

E405 

E406 

E407 

E408 

E409 

E410 

E411 

E412 

Heat 
Load 

12.794 

9.112 

3.785 

6.690 

8.457 

26.792 

18.062 

24.702 

11.381 

0 

0.060 

3.511 

4,051 

0.519 

Hot 

Stream 
Number 

* 

* 

408A 

* 

* 

* 

409A 

413A 

404A 

404B 

434A 

* 

* 

419A 

Side In 

Temp. 
(Degree K) 

* 

* 

424 
* 

* 

* 

393 

713 

424 

303 

323 
* 

* 

500 

Hot Side Out 

Stream 
Nimber 

* 

* 

408B 

* 

* 

* 

409B 

413B 

404B 

404C 

434B 

* 

* 

419B 

Temp. 
(Degree K) 

* 

* 

419 
* 

* 

* 

393 

393 

303 

291 

303 
* 

* 

422 

Cold Side In 

Stream 
Nunber 

401B 

402A 

* 

* 

* 

* 

* 

* 

416A 

418A 

* 

Tanp. 
(Degree K) 

305 

395 
* 

713 

615.7 

521.8 

* 

* 

* 

* 

* 

291 

395 
* 

Cold Side Out 

Stream 
Number 

401C 

402B 

* 

* 

* 

* 

* 

* 

416B 

418B 

* 

Tatip, 
(Degree K) Comments 

395 

414 
* 

713 

615.7 

521.8 

* 

* 

* 

* Cooling from counter-

current H2 stream 

* 

395 

424 
* 

* See heat match-up for Section IV in /^ipaidix C for details. 



volumes of each phase at each position in the reactor from en­

trance to exit points. Of course, accompanying the liquid mixture 

is produced H2 gas. The exit temperature of the reactor is set at 

about 424 K, the critical temperature for pure HI. Higher temper­

atures could be run for a mixture of HI-I2-H2O since the pure HI 

critical temperature value is not expected to pertain upon the 

addition of H2O and I2 to HI. However, nearly pure liquid streams 

of HI, such as stream (402B) , unless restricted to the 424 K 

maximum temperature would not be liquid above this temperature. 

For efficiency reasons, it seems best to avoid higher temperatures 

and the need for condensation and recompression of the pure liquid 

HI streams. 

The gas composition in equilibrium with the liquid composi­

tion at point B in Fig. 42 and carried in stream (403) is obtained 

from the measured vapor pressures over HI-I2 mixtures (Ref. 25) 

and the assumed ideal behavior of I2 partial pressures above HI-I2 

mixtures using the values of pure I2 vapor pressure from Ref. 32, 

The hydrogen pressure expected thermodynamically is then calcu­

lated from the equilibrium constant obtained from the JANAF Ther-

mochemical Tables (Ref. 13), making certain to adjust for the phase 

change which occurs in I2 at the temperatures studied. Reference 4 

provides the details for such a calculation. The resulting calcu­

lated molar concentration is given in Table 7 for stream (404A). 

The pressure of 15.65 MPa is determined by addition of the partial 

pressures of HI, I2, H2, and H2O at 424 K. The partial pressure 

of H2O is estimated from the mole fraction of H2O in the phase and 

the vapor pressure of H2O at 424 K; it is small and contributes 

only an estimated 0.0024 MPa to the total pressure. 

Following the process train for the gas, the vapor from S401 

is cooled in E407 from 424 to 303 K. Stream {404B) is then fur­

ther cooled in E408, a countercurrent heat exchanger using cool H2 

product gas from turbine expander TE402, to about 291 K. In sepa­

rator S402, the H2 gas is removed from the condensed almost-pure 

HI. The H2 continues in a post-treatment stage as shown to remove 
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any remaining HI and I2 (and H2S should trace amounts of this gas 

enter from Section III) . Depending on the reaction of the 

catalyst to trace contamination by H2S, the H2S may have to be 

removed prior to arrival at the reactor R401. The effect of trace 

quantities of H2S on the prepared homogeneous catalysts has yet to 

be studied. 

The details of the H2 cleanup section will not be provided in 

this discussion except to point out that it is proposed that H2S 

be removed by reaction with SO2 from Section I to form elemental 

sulfur and that a gas turbine be used to drop the H2 gas pressure 

from 15.65 MPa to pipeline quality gas at about 5 MPa. In addi­

tion, it is found that sufficient cooling of the H2 results from 

the expansion to allow the final cooling of the predominantly 

HI-H2 gas-liquid stream (404B) without additional equipment as in 

the old design. A countercurrent heat exchanger operation is 

proposed. 

The condensed almost-pure HI liquid at 291 K exiting from 

S402 is then heated to about 395 K in E410 where it is joined by a 

side stream of almost-pure HI from (411B) at 395 K. Both streams 

are then heated to 424 K in E411 and put into the top end of a 

countercurrent I2 extraction column C402, The purpose of this 

operation is to remove as best as possible the I2 from the recycle 

stream to the reactor so that conversion levels can be kept high. 

The operation relies on the fact that treating the liquid of com­

position given by point B in Fig, 42 in a countercurrent fashion 

establishes at the bottom of the column a liquid stream (407) 

which is identical to point A in Fig.42, i.e., an almost-dry HI-I2 

stream that can be easily distilled in normal fashion. In addi­

tion, the almost-pure HI stream (418B) upon entering the top of 

C402 is a point in the vicinity of C on the phase diagram (Fig. 

42) but higher in HI content than C. The liquid phase in equi­

librium with it is the phase at point Q in the diagram. 
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stream (406) is found to carry about 99% of the dissolved 

catalyst on a mole basis, at least in the case of the most reac­

tive catalyst Pdl2, Thus, stream (406) is recycled directly back 

to the reactor R401. 

Meanwhile the dry HI-I2 phase, stream (407) is brought to a 

countercurrent catalyst extraction column C403 where it is con­

tacted with a HI-H2O-I2 mixture from distillation column C401. 

The aqueous HI/I2 is temperature matched to column C403 in heat 

exchanger E412. The effect is the transfer of all of the dis­

solved catalyst which got through in stream (407) into stream 

(414) and the removal of a stream of Hl-rich HI-I2 in stream 

(412). All of the catalyst is returned to the reactor in a cyclic 

fashion without removal or handling or the processing of solids, 

H2O is also internal to the distillation column recycle stream and 

does not have to be recycled or removed. 

Theoretically, the above system does not require any catalyst 

recovery and remanufacture. In reality, countercurrent extraction 

columns are not 100% efficient in their operation, and there is 

some small throughput of catalyst expected into regions where re­

covery will be necessary. It seems certain, however, that the 

catalyst loss will be very small, and thus a great advantage over 

complete recovery and remanufacture of the catalyst is realized. 

The HI-I2 liquid mixture which comes out of the top of C403 

in stream (408A) is first cooled and then put through turbine 

TE401 to reduce its pressure to about 5 MPa, The cooling stage is 

to prevent flashing in the turbine since the temperature of stream 

(408A) at the lower pressure is higher than its boiling point. The 

reduction in pressure is contingent on the fact that it is not 

beneficial to use high-grade heat and high temperatures in a dis­

tillation column such as C401, A column operated at 5 MPa requires 

temperatures of about 700 K in the still pot with condensation and 

extraction of heat in E405 at about 393 K. The extracted heat will 

provide most of the heat requirements of preheating HI in E401 and 
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E411. A portion of the resulting condensed HI(£) is pumped to the 

top of C401 to meet reflux requirements of the column, and the 

rest is pumped to P402 where the pressure is again raised to 15.65 

MPa for input to the incoming stream upstream of E402. Stream 

(413A), a pure I2 stream at 5 MPa and 713 K, is cooled in E406 to 

393 K (just above the melting point of I2) and transferred to 

Section I (prime reaction). 

5.3.3. Catalyst Survey Studies 

Several dissolved catalysts have been studied in a batch 

liquid HI decomposition apparatus. (See Ref. 9 for the equipment 

description and procedure.) In the present case, dry HI liquid 

was added to various aqueous catalyst solutions, and the rates on 

the basis of moles H2 produced per g active metal were measured. 

The above rate description would seem to be a much more valid way 

of presenting the data for homogeneous catalysis than for the 

heterogeneous cases since supposedly each molecular complex formed 

is an active center, whereas there is hardly a one-to-one corre­

spondence between active site and metal atom in the heterogeneous 

case. With water present, a two-liquid system results. 

The catalyst solutions employed included: 

Pdl2 in hydriodic acid 

PdCl2 in hydrochloric acid 

RhCl3'3H20 in hydrochloric acid 

Ptl2 in hydriodic acid 

H2PtCl6*6H20 in water 

Mo (CO)6 in hydriodic acid 

Pbl2 in hydriodic acid 

Fel2 in hydriodic acid 

Nil2 in hydriodic acid 

MoBr2 in hydriodic acid 

The iodide and chloride equivalents of the same noble metal were 

used because initially only the chlorides were readily available 
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from laboratory stock. Later, the iodide equivalents were ob­

tained. There was no discernible difference in the rates at a 

given temperature between the halide forms. Except for Pdl2 and 

PdCl2 the compounds are listed in decreasing order of reactivity 

on a mole H2 per g metal basis as determined at both 303 and 323 

K. Below Mo(C0)g there was no measurable reactivity. Ptl2 and 

H2PtCl6*6H20 are found to be about equivalent in reactivity. The 

palladium compounds, although lower in activity than the Rh and 

Pt compounds, especially at 303 K, do possess a significantly 

higher activation energy and thus a much higher rate at the pro­

jected engineering operation temperatures (up to 424 K) . This 

makes Pd a prime candidate for the process. A higher tempera­

ture, higher pressure study of the reactivity of PdCl2 conducted 

in an all-metal batch system did verify the existence of such a 

high rate at 348 K. 

The Mo(CO)6 candidate, although showing some activity, was 

not found to dissolve well in the aqueous phase. Instead, it 

dissolved in the almost "dry" phase. It has been shown that the 

measured activity did come from this phase but that the solubil­

ity of the Mo (CO) 6 was restricting to any possible use of this 

catalyst. In addition, it was found that this catalyst decom­

posed, making CO gas. It has been ruled out as a candidate for 

HI decomposition and also reflects potential problems with the 

use of other carbonyls for this chemical system. 

All of the above compounds except for Pb, Fe, and Ni were 

studied in both dry (one-phase) and wet (two-phase) environments. 

In all cases, water was required in order to effect the correct 

complexing; there was no measurable activity without water pres­

ent, indicating that the activity surely takes place in the aque­

ous catalyst carrying phase with HI replenishment taking place 

from the "dry" HI phase in equilibrium with it. The lower limit 

of the present measurement capability with the apparatus used is 

estimated at 1 x 10"^ mole/min»g metal. The reaction was found 

to be reaction limited rather than diffusion limited; stirring 
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the mixture did not show a measurable effect, at least for the 

temperature and pressure conditions of this study, 

5,3,4, Results and Discussion 

5,3,4,1 Characteristics of Proposed Homogeneous Catalytic Decom-

position Process. 

Some discussion of the characteristics of the proposed homo­

geneous catalytic decomposition process is in order. This is 

best achieved by looking once again at the flowsheet and Table 7, 

The major areas where further definition is required will be 

noted along with the assumptions used in the present iteration. 

In almost all cases the need for further definition involves the 

need for better experimental data. The attempt has been to 

employ reasonable extrapolations from existing data. 

The first major area has already been addressed. It con­

cerns the choice of operating tie line in Fig. 42. It is a 

critical input to the system since it affects the operation of 

the major steps, reaction, I2 separation, Pd recovery, and HI,l2 

distillation. No data have yet been obtained for the phase 

behavior of HI-I2-H2O mixtures at near 424 K; but, as pointed out 

in the previous discussion, the choice of the line AB in Fig. 42 

is much more than an arbitrary choice. The measured constancy of 

the two-liquid region with temperatures from 303 to 343 K sug­

gests its existence at 424 K. In addition, the seeming procliv­

ity of the dry phase to persist in rejecting water even when I2 

is added helps to judiciously make the choice of envelope as 

depicted in Fig. 42, The choice of tie line follows from this 

same reasoning. Of course, the effect of choosing a tie line in 

which the liquid at point A carries less I2 will be to decrease 

the conversion level through the reactor. With the present 

choice, the conversion through the reactor (the ratio of total 

moles of HI out of the reactor to the total moles of HI into the 

reactor) is 48%. This is close to the theoretical maximum 
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expected (i.e., 50%) when operating without a recycle mode (see 

Ref. 6). It is believed that a judicious choice of the tie line 

has been made and that conversion levels will be high. 

Another area of concern involves the operation of the coun­

tercurrent columns C402 and C403. It is known from the phase 

studies at 303 and 343 K that there is a density reversal at low 

l2 values in the two-liquid region. This means that the two-

liquid phases in equilibrium actually go from the top to bottom 

position on either side of a "gray" I2 composition area near 5 to 

10 mole % I2 at the 303 to 343 K temperatures. This behavior is 

obviously not yet known at 424 K and will have to be measured and 

handled in some way under engineering conditions. Possible engi­

neering solutions to the problem include splitting columns C401 

and C402 at the appropriate positions and operating four columns 

in place of two or replacing each column by a mixer settler 

train. Pinch points caused by other effects are possible in the 

operation of such columns; thus, additional studies will be 

necessary before the design can be finalized. 

A favorable behavior can be seen from a study of the mass 

balance for column C402. Not only is this countercurrent opera­

tion a good method for extracting l2f but there is significant 

recovery in stream (407) of the HI being sent on to C403 and 

eventually to the HI-I2 distillation column C401. Stream (407) 

is found to have about 2 moles of HI per mole of H2 produced. 

This is again because of the predicted location of the tie line 

AB in Fig. 42; a fairly rich HI phase is expected to be in equi­

librium with the aqueous phase. This assists in the recovery of 

HI from the process train, as any HI which goes with the aqueous 

phase has to be recycled in the mode of operation chosen. 

Another favorable aspect of the proposed process is the high 

ratio of H2 to HI generated in the gas stream (404). The ratio 

of H2 to HI is about 2. This feature makes recovery of the HI 

from the H2 less energy consuming from the point of view of 
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condensing the HI and scrubbing it out of the H2, The only 

disadvantage would appear to be the requirement for equipment to 

withstand 15,65 MPa (i,e,, =150 atm), Although a challenge, it 

would appear to be feasible. It is proposed that the pressure of 

H2 be reduced to about 5 MPa (i.e., pipeline quality pressure) 

through turbine TE-402 and the power so generated used for 

in-plant needs. In addition, it is proposed that the 1.9 k/j of 

cooling energy available in the H2 gas stream at 215 K be used to 

countercurrently cool the HI-H2 gas-liquid stream (404B) in E408. 

In the present design, a portion of the small amount of H2S 

coming through in the fluid from Section III is allowed to pass 

through the reactor. The assumption, for the present, is that 

the H2S does not affect the catalyst. In reality this H2S might 

be incorporated into the catalyst in a complex chemical fashion 

to either aid or inhibit the reaction. Studies of HI (£ ) decompo­

sition using the proposed catalyst candidates are in order. In 

the event that such contact of H2S with the catalyst compounds 

results in adverse poisoning effects, then this H2S will have to 

be removed prior to entrance to the reactor. 

An additional assumption made regarding H2S in the present 

design is that all the H2S stays with the H2 gas and is treated 

downstream of the H2 wash stage to remove HI, The vapor pressure 

of H2S at 291 K, the temperature of the cooled gas stream, is 

1.62 MPa compared to 0.64 MPa for HI at the same temperature. 

Thus, there is a separation toward H2 when the gases are cooled, 

but it is not complete as assumed. The distribution coefficients 

for H2S in the various mixtures of the flow train are required 

for complete definition of the flowsheet. In any case, H2S which 

remains with the HI will be recycled back in the overhead from 

C401. 

Also assumed in this design is zero solubility of K2 in any 

of the liquids. Some data have been obtained for the solubility 
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of H2 in both Hl(ii) and l2(^) in Ref. 25. Although the solubili­

ties or distribution coefficients for H2 in the specific fluids 

are not yet known, the data available indicate that the effect 

will be small on the operation of the unit. Any H2 which passes 

through to C401 will be concentrated in the overhead and recycled 

back to the reactor in stream (412). 

One other noteworthy assumption regarding the present flow­

sheet is that a HI-I2-H2O solution of appropriate composition, 

stream (419A), is taken off the distillation column C401 for use 

in recovery of the catalyst in C403. This solution will have to 

be obtained from a composite of separate extraction points on 

C401. For present purposes one extraction location has been 

assumed at a temperature of 500 K. 

The entire flowsheet sketched in Fig. 43 assumes the use of 

a Pdl2 catalyst. The extrapolated solubility of this compound in 

HI-H2O mixtures from temperatures below 323 K is used to set the 

amount of water required in stream (406) and thus the entire re­

cycle amounts. 

The distribution coefficient of Pdl2 between dry and aqueous 

phases for HI-H2O mixtures is assumed to be constant with tem­

perature and the same at 424 K as measured at 323 K regardless of 

the amount of I2 present. This particular assumption needs veri­

fication. 

It is possible to compare the present design with that de­

rived previously (Ref. 7) for a heterogeneous catalyst with no 

catalyst recovery or remanufacture. Obviously, the latter design 

would appear to have less capital equipment than the present 

design, but only because the requirements for catalyst recovery 

and remanufacture have not been included. In addition, a compar­

ison of the energy balance for each process does indicate about 

the same energy requirements. This would retain the same overall 

process efficiency of close to 47% quoted in Ref, 7, Thus, a 
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heterogeneous system which would require catalyst recovery and 

remanufacture would appear to be close to equivalent with the 

present built-in separation concept, both from the efficiency and 

capital equipment points of view. 

The assumption in the present design that there will be zero 

recovery of catalyst is, of course, false. In actual fact, ex­

tremely small recovery will be necessary since countercurrent 

columns are never quite 100% efficient, and there are certain 

small losses just in the handling of fluids in such a process. 

The same applies, of course, to the other chemicals recycled in 

such plants. 

The catalyst activity level has been assumed to be 1/3 of 

the initial extrapolated rate at 424 K. This assumption attempts 

to account for the expected depression of the forward rate due to 

back reaction at close to equilibrium conditions. 

5.3.4.2, Catalyst Rate Behavior, 

Figure 44 is the Arrhenius plot for the catalysts which dem­

onstrated measurable reactivity for HI(Jl) decomposition, Mo(C0)6 

is not included, although a measurable activity was obtained, 

because the Mo(C0)6 also decomposed upon contact with Hl{i) and 

was not very soluble in the aqueous phase where the activity is 

found to be controlling. 

All homogeneous catalytic activity recorded in Fig, 44 was 

obtained under the condition of unsaturated dissolution of the 

active component. This then provides an accurate measure of the 

activity irrespective of the solubility limit of the active spe­

cies. The solubility becomes a consideration when water inven­

tory for the process is required. As seen in Fig, 44 for those 

species other than Pdl2 for which at least two data points have 

been obtained, the activation energy appears to be like that of 

the previously measured Pt/Ti02 heterogeneous case (Ref, 9) , 

5-41 



10.0 — 

1.0 — 

0.1 — 

0.01 — 

0.001 

r \ U\ 
\ -r 

V 
Fpt/Ti02 ^ v 
L HETEROGENEOUS \ 

CATALYST 
k50KJ/MOL(12KCal/MOL). 

^"" 

L o 
r ^ 
h 0 
k • 

1 1 

Pdl2 
PdCl2 
Ptl2 
H2PtClg • 6 H2O 
RhCl3 • 3 HjO 

1 1 

PdU HOMOGENEOUS 
CATALYST 
75KJ/MOL 

. (18KCal/M0L) 

5' 
" \ \J 

1 1 1 i 
2.3 2.7 3.1 

±xl03(K-b 

3.5 

Arrhenius plot for candidate homogeneous catalysts: 
comparison with heterogeneous Pt/TiO„ catalyst 

5-/2 



i.e., :i50 kJ/mol (12 kcal/mol) . The Pt/Ti02 variation previously 

obtained is illustrated by a solid line as marked. The Pdl2 

homogeneous catalyst on the other hand has an activation energy 

more like 75 kJ/mol (18 kcal/mol). At temperatures above 323 K, 

the Pdl2 rate is the highest of any found to date. PdCl2 was 

shown to have about the same rate as Pdl2, but such comparisons 

were made under saturated conditions and not at the highest 

absolute rates and thus are not included in Fig. 44. 

Nevertheless, the comparison is valid and does indicate that the 

form of the halide does not matter. Rather, it is the active 

species that makes the difference. 

Palladium, known as an effective hydrogenation catalyst in 

the chemical industry, does seem to be the best candidate. This 

was not found to be the case when using a heterogeneous palladium 

catalyst (Harshaw Pd-0501T 1/8") in the earlier studies. In that 

case, however, water was not added to the HI, and it has since 

been found that water is essential to obtaining high activity. 

Included in Fig, 44 is the point for PdCl2 measured in an 

unsaturated condition at 348 K There is more error in this 

measurement than in the others since the higher activity made it 

more difficult to obtain the H2 gas production rates. The error 

on the Pdl2 results is indicated in the diagram and is the result 

of an estimated experimental error in determining the respective 

rates. 

None of the above homogeneous species were active without 

water being present. A possible mechanism in support of this ob­

servation could be as depicted in Fig. 45. As shown, the pro­

posed mechanism is drawn as the formation of a square planar form 

structure in which the OH radical and HI molecule are present. 

The palladium behaves as having a coordination of 4, and electron 

transfer takes place in the transfer of dative bonds supplied 

either by the OH radical or an I atom. The mechanism seems a 
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reasonable one, but certainly a much deeper investigation would 

be necessary to identify it with surety. It might even be 

speculated that the rate limiting step might be electron transfer 

required to "kick off" the I2 molecule. This would seem to be 

correct thinking if one realizes that the propensity for I2 to 

still coordinate (i.e., give up electrons) with other species is 

present, whereas H2 has a filled electronic configuration. It is 

also obvious that for the case of homogeneous catalytic behavior, 

it is unreasonable to expect H or I atoms to be rejected since 

the required energetics would be too high to do without the 

assistance of a surface to allow the mobility of the atoms. The 

measured activation energy for the catalyzed reaction is much 

lower than the 147 kJ/mol (35 kcal/mol) measured for the 

uncatalyzed case, 

A more detailed plot of the Arrhenius behavior of the Pdl2 

homogeneous catalyst is shown in Fig, 46, In addition to the 

points plotted in Fig, 44, points are included giving the 

reaction rate after the catalyst induction period and for a case 

in which I2 has been purposely added to the starting mixture. 

Also given are points for the situation in which there was no 

stirring of the HI/H2O catalyst mixture. 

All the Pdl2 experiments which were conducted indicated an 

induction period after which the initial rate of the catalyst for 

Hl(ji) decomposition decreased by a factor of between 1,3 and 2. 

This change in rate due to induction was surprisingly abrupt and 

took place within a shorter period of time for the higher tem­

perature cases than for the lower temperature ones. At 323 K, 

the rate change took place between 80 and 240 min. At 303 K the 

time for induction was found to be greater than 46 0 min as 

indicated by overnight runs. At 281 K the turnover point would 

appear to be at even longer times but again was not measured. 

It should be noted as well that the one PdCl2 experiment 

performed at 348 K (see Fig. 44) also showed an abrupt 1.7 factor 
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decrease in rate due to induction of the catalyst, this time 

within about 70 min of start of the experiment. 

When l2 was added to the initial charge of HI/H2O to the 

equivalent of 18 mole % I2 in the aqueous phase, a factor of 2 

decrease in rate was observed over that of the initial rates 

without I2 present. However, there was no indication in this 

case of an induction period for the catalyst at 323 K even out to 

340 min. This might indicate that the induction period as seen 

for starting mixtures of only HI and H2O might be due to the 

buildup of I2 as the reaction proceeds. If so, it would appear 

that a reduction in rate of a factor of 2 would be the maximum 

expected even for higher loadings of I2. Of course, the 

introduction of enough I2 will result in lower rates due to the 

importance of back reaction effects. Figure 42 indicates that 

the chosen tie line AB will result in a mole fraction of I2 in 

the aqueous phase (point B) of near 0.40, a factor of 2 greater 

than the test GA has performed with I2. Higher temperatures and 

pressures involving the use of another apparatus would be 

required to test out to the maximum I2 limit expected. However, 

there would not appear to be a large effect of I2 beyond the 

factor of 2 decrease already measured. Nevertheless, such a 

study will have to be conducted in order to verify this 

hypothesis. 

Also plotted in Fig. 46 are points indicating the rates at 

323 K for mixtures of HI/H20/catalyst in which there was no stir­

ring. These rates fall within the experimental error of rates 

measured with stirring. This would seem to indicate, at least 

for these lower temperature studies, that the rate is reaction 

rate limited rather than diffusion rate limited. 

5,3.4.3. Pdl2 Homogeneous Catalyst Solubility Behavior. 

The solubility of Pdl2 in HI/H2O liquid mixtures was measured 

at <323 K in an identical manner to that described in Ref. 25 for 
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determining the solubility of I2 in HI. In the present case, the 

amount of Pdl2 was measured by straightforward gravimetric means 

after identifying through emission spectrographic methods that Pd 

was the only metal present. Corrosion products such as Fe, Cr, 

and Ni from the stainless-steel parts of the apparatus were ex­

tremely low. Also it was verified that the resulting deposit 

after takeup in the HI/H2O superazeotropic mixtures was really 

Pdl2 and not some higher or lower iodide. 

Figure 47 is a depiction of the solubility of Pdl2 in the 

aqueous phase represented by point Q of Fig. 42 in an Arrhenius 

type plot. A straight line does not result, and it might be 

thought initially that the points are merely displaying scatter 

due to experimental error. However, the error in the measurement 

is not expected to be that great, and a plot of the available 

literature solubilities for FeCl2 in hydrochloric acid, also 

plotted in Fig. 47, demonstrates the same kind of behavior (see 

Ref 33) . Obvious from the FeCl2 data in Ref. 33 is the compli­

cation due to. the formation of different FeCl2 hydrates in solu­

tion at different temperatures. This could account for the non­

linear behavior of both FeCl2 and Pdl2 in Fig. 47. The form of 

the hydrate for Pdl2 is not known. 

An extrapolation of the data for Pdl2 solubility out to 424 

K, the proposed operational temperature for the flowsheet, is 

obtained by drawing the best straight line through the three 

points measured. In actual fact, it would appear that the solu­

bility at 424 K will be greater than extrapolated and that less 

H2O inventory will be required than designated in the material 

balances in Table 7. Even if the conservative value of Pdl2 is 

chosen, however, only 2.30 x 10~3 mole of Pd and 0.333 mole of H2O 

are required per mole of H2 produced. These values are obtained 

assuming about 1/3 the HI(Jl) decomposition rate extrapolated from 

Fig. 46 in an attempt to account for the approach to equilibrium 

back reaction effect, A 3000 MWT high-temperature gas-cooled 

reactor plant is expected to produce about 3 x 10^ moles H2/inin. 
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The palladium inventory for such a plant therefore would be about 

2400 troy ounces or about $200,000 at an assumed $87 per troy 

ounce cost for Pd (cost on 7/27/81) . In addition, the H2O inven­

tory would be about 1800 liters (470 gal), not at all restrictive 

for such a large plant operation. Thus, neither the cost nor 

material inventories are prohibitive. 

The solubility of Pdl2 was measured only in HI/H2O mixtures 

at up to 323 K. In actual fact, in addition to being carried in 

stream (406) , which is nearly pure HI/H2O in nature, a small 

amount of the catalyst is being carried back to the reactor in 

stream (414) , which has close to unit mole ratio of HI to I2, 

Strictly speaking, measurements should be made at process tempera­

tures and at the true stream compositions. For the present pur­

poses the solubility is assumed the same in the HI/H2O mixture 

containing I2 as for the measured HI/H2O case. Large differences 

are not expected to result from such changes, 

5,3,4,4. Pdl2 Homogeneous Catalyst.Distribution Coefficient 

Behavior in HI/H2O Mixtures. 

Equally important as the solubility of Pdl2 in the various 

mixtures of the flow train where catalyst exists is a knowledge of 

the distribution of this chemical species between the liquid 

phases in contact with one another. A measure of such a distribu­

tion coefficient was obtained at 303 K for an aqueous phase of 

composition 32 mole % HI, 18 mole % I2, 50 mole % H2O in contact 

with an almost dry phase of composition 98.25 mole % HI, 1.25 mole 

% I2, and 0.5 mole % H2O. The measurement was achieved by with­

drawing a known amount of sample of the Pdl2 from the dry phase, 

evaporating off the HI and I2 at low temperature, and detecting 

the amount of Pd in the remaining precipitate using emission spec­

trographic techniques. Unlike Pt, palladium can be detected quite 

reliably using such a technique. Thus, from a knowledge of the 

amount of Pd in the dry phase and the total amount of Pd added to 

known values of wet and dry phases, the distribution coefficient 

was derived. 
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The definition chosen for a distribution coefficient in this 

case was the ratio of the number of moles of Pd per mole of HI in 

the dry phase to the number of moles of Pd per mole of H2O in the 

aqueous phase. The ratio so derived was 1/168 and is the number 

used in the flowsheet for defining the distribution of Pd between 

the dry and wet phases encountered there. In actual fact, the 

above number was not derived for the exact temperature and com­

position of the mixtures in the flowsheet. For the present pur­

poses it has been assumed to be the same for the liquid phases A 

and B in equilibrium on the tie line AB of Fig. 42. The true 

number needs to be determined eventually through direct mea­

surement. However, because of the retention of a very dry phase 

even out to point A of Fig. 42, it is not expected to vary sig­

nificantly from the number obtained at the lower temperature and 

lower I2 loading. 

5.4. STUDIES OF COUNTERCURRENT TREATMENT OF HI-I2-H2O SOLUTIONS 

WITH H3PO4 

An important portion of the current sulfur-iodine cycle is 

the treatment of HI-I2-H2O solutions with concentrated H3PO4, 

extracting the H2O and HI while leaving the I2 behind. Some 

laboratory batch studies have been performed on this concept and 

have established end conditions for this operation, but it is 

necessary to test a full countercurrent column to determine 

whether pinch points exist. 

For this study, a staged countercurrent flow reactor column 

constructed for studying the H2SO4 boost reaction was utilized. 

This system (Fig. 48) consists of (1) a 10-stage stirred column in 

which the solutions passing from stage to stage are equilibrated 

by extraction, (2) an HI-I2-H2O solution feed system, (3) a H3PO4 

feed system, and (4) appropriate reactant and product holding 

vessels. HI^ solution is added to the top of the column and flows 

down the column, where it is taken off as an iodine-rich phase. A 
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concentrated H3PO4 solution is fed to the bottom of the column, 

flowing up the column. 

Figure 49 shows an individual stage of the column. The outer 

glass tube of this column, shown by diagonal cross hatching, has a 

precision inner bore internal diameter, and the glass support ring 

is of close-fitting explicit external dimensions. Between the 

glass support rings there are Teflon separators, which leave a 

small opening for phase flow. Stirring is accomplished by cen­

trifugal pumping of liquid from the area of the opening between 

the separators to the spinning pump exit. A baffle in the lower 

portion of the cell reduces swirl. The stirrer/centrifugal pump 

is operated by a regulated variable-speed motor so that the stir­

ring can be set at any desired rate. Stirring rates and torques 

are metered. Every stage of the column is expected to be operated 

in equilibrium. 

All studies to date have been done isothermally at a few 

degrees above the melting point of iodine as a matter of conven­

ience. A number of experiments have been performed. Some of 

these experiments have been done to establish flow control infor­

mation and to test certain reactor modifications. Others have 

been done to produce metal data on the system. Manometric pres­

sure difference measurements across an in-line orifice have been 

used to determine HI^ flow. Ball and float monitoring of H3PO4 

was utilized. Both of the charged solutions were delivered from 

inert gas pressurized sources. 

Two of these experiments which ran wi>thout equipment diffi­

culties and were well characterized by analytical data are pre­

sented here. Both were run at a nominal 120^0. The solutions 

used in Experiment A were 97.74% H3PO4; and 82.73% I2, 10.78% HI, 

and 6.49% H2O. In Experiment B they were 96.74% H3PO4; 81.27% l2r 

10,94% HI, and 7,79% H2O, The exiting products as a function of 

time for these two experiments are described in Figs. 50 and 51. 

In these experiments the column was prefilled with the concen-
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trated H3PO4 and the HIx solution delivered through the column. 

Flow of H3PO4 was stopped temporarily between the 20- and 35-min 

times in Experiment B, 

The general characteristics of the column behavior are clear. 

At early times in the approach to steady state, the HIx liquid is 

contacting very strong H3PO4 as it transverses the column. Figure 

51 shows this iodine to emerge from the column with only minimal 

contamination. Steady state conditions might be represented to be 

between the A and B experiments at the end of the experiments. 

Thus, later in the experiments, the I2 is more contaminated with 

HI, H2O, and H3PO4 than early in the experiments. This correlates 

with the flow of less concentrated H3PO4 from the top of the col­

umn. Clearly, the column has to operate with stronger H3PO4 

and/or more plates if product quality is to be maintained. On a 

HI- and l2-free basis, the exiting H3PO4 is 87%. Thus, it would 

appear that using more plates is the only feasible approach. It 

is hoped that not too many more than the ten plates operable in 

this case will be required to perform the separation producing 

sufficiently clean I2. It should be noted that the H3PO4 is 

close to satisfactory, but the iodine product is not sufficiently 

clean. More plates will accomplish the task, as evidenced by the 

initial quality of the iodine product, provided that there is not 

an extreme pinch point in the column operation. 

More data of this quality for a column having a reasonably 

greater number of theoretical plates need to be obtained. 
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APPENDIX A 

PROCESS SIMULATOR COMPUTER CODE 

A.l. GENERAL 

The evaluation of thermochemical water-splitting cycles in 

general and of process alternatives in one cycle in particular is 

difficult and time-consuming. The ultimate analysis should be 

based on a complete process engineering design which is based on 

experimentally proven results and which is optimized in such a 

way as to result in the lowest possible price for the hydrogen 

product. For the process engineer, this means trying to strike a 

balance between two usually counteracting characteristics of the 

chemical plant: (1) its thermal efficiency, which represents the 

cost of energy, and (2) its capital costs. 

Such efforts may require many process design iterations. 

However, time and funding are limited, and therefore major itera­

tions are not always possible. Because of this, it was decided 

to obtain a computer code that could be used to aid in process 

engineering design, and an investigation was initiated on the 

availability of computer codes for use in process engineering 

design work for thermochemical water splitting and process heat. 

It soon became apparent that due to the general nature of the 

process engineering designs, only the so-called process simulator 

codes would be of any value. Later the program OPTIMO, available 

from EEC-JRC Ispra, was evaluated and the same conclusion was 

reached. 

A.2. SURVEY 

A search for a suitable process simulator code was carried 

out in 1976. Table A.l gives a list of codes which eventually 

emerged for evaluation. From these the package from the Chem-

Share Corporation was chosen because it was the most compre­

hensive, complete, and versatile package with good service 
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TABLE A.l 

LIST OF CODES INITIALLY INVESTIGATED 

Name Company 

1. DESIGN/DISTILL/CHEMTRAN/REFINE Chemshare Corporation 

2. SSI/100 Simulation Sciences Inc. 

3. Pacer-245 Digital Systems Corp. 

4. Flowtran Monsanto 

5. Proslator Nippon-Univac 

6. PDA Phillips Petroleum Company 

7. PDS General Electric 

8. Heat Exchange Network Simulator Elshout & Assoc. 

backing, and it could be operated at a reasonable cost. Chem-

Share's most important features are: 

1. To model a flowsheet, modules are used which describe a 

particular unit operation, e.g., pump, heat exchanger, 

distillation tower, chemical reactor, and process con­

troller. 

2. The user has the option of generating his own modules, 

for example, to describe a peculiar, possibly proprie­

tary, operating step, 

3. The system has a very extensive intrinsic property data 

bank. The user has the option of choosing from several 

types of enthalpy and phase equilibria calculation tech­

niques. 

4. There is an option which enables the user to correlate 

his own property data, in a preprocessing run, in such a 

way that the data is transformed in a format that can 

directly be accessed by the process simulator. 
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More recently Simulation Sciences, Inc. has began marketing 

an improved version of SSI/100 called PROCESS. It has the stated 

features of ChemShare, but it is much more flexible in being able 

to handle non-library components such as are encountered in the GA 

water-splitting cycle. In addition, it allows many more process 

streams. Since PROCESS allows both process units and streams to 

be given an alphanumeric designator, it is possible to tailor the 

computer output to the needs of the user. The DOE-sponsored ASPEN 

process simulator is now available but its special features, 

designed for simulating coal and hydrocarbon processing, are of 

little utility in simulating the GA water-splitting process. 

A,3, EXAMPLE OF APPLICATION 

Although GA is switching to PROCESS for its fusion-synfuel 

work, ChemShare was the only process simulator used in this work. 

The only water-splitting application of ChemShare was on the 

H2SO4 concentration step in Section II. Even though this section 

was almost completed, it was felt that modeling would be attrac­

tive since in this section the largest amount of process heat is 

exchanged. As a first step, a part of the flowsheet consisting of 

a heat exchanger (E-11 in the heating mode) and the subsequent sep­

arator vessel (v-5) was modeled. For this system, it was necessary 

to create a so-called chemical data file with a preprocessor run 

in DISTILL, because H2SO4 and the heat of mixing for the system 

H2SO4-H2O are not contained in the data bank. 

Since H2SO4 at higher temperatures is partly decomposed into 

H2O and SO3, in effect three components in the gas phase are in 

phase equilibrium with two components in the liquid phase, and 

this condition cannot be described with the use of ordinary K 

values. Therefore, the DESIGN model of the flowsheet was modified 

as shown in Fig, A.l. It is assumed that H2SO4 does not decompose 

in the vapor phase in exchanger E-11 (named E-1 in DESIGN) and 
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SOj, HjO, H2SO4 VAPOR 

H2SO4, H2O LIQUID 
I 

9a 

X 12 

9b 

E-11 

V-5 

X H2S04,H20 LIQUID 

11 

Process Engineering Flowsheet 

HYPOTHETICAL H2 SO4, HjO VAPOR / ^ SO3, HjO, H2SO4 VAPOR 

X 4 \ / 5 

R-1 

H2SO4, HjO LIQUID 

E-1 

V-1 

X H2SO4, HjO LIQUID 

DESIGN Model 

Fig. A-1. Modeling of H2SO. concentration step with 
DESIGN code 
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therefore SO3 does not exist in vessel V-5 (named V-1 in DESIGN) , 

and the hypothetical reactor R-1 is introduced to do the partial 

decomposition of the H2SO4. The phase equilibrium inv-lcan then 

be described by defining apparent mole fractions as follows: 

a PH2SO4 PH2SO4 + PSO3 
yH2S04 =-

a PH2SO4 + PH2O 
FT 

a PH2O PH2O - PSO3 
yH20 = 

pa PH2SO4 + PH2O 

where: 

a 
yH2S04 = apparent mole fraction of H2SO4 in vapor 

phase 

a 
yH20 = apparent mole fraction of H2O in vapor 

phase 

r.a 

^H2S04 = apparent partial pressure of H2SO4 

PH2O = apparent partial pressure of H2O 

13a 

^T = apparent total pressure 

PH2SO4 = true partial pressure of H2SO4 

PSO3 = true partial pressure of SO3 

PH2O = true partial pressure of H2O 

Apparent K values then follow from: 

ya 
a H2SO4 
KH2SO4 = 

H2SO4 
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,a _ yH20 
KH2O "* 

(1 - H2SO4) 

where: 

a 
KH2SO4 = apparent K value of H2SO4 

KH2O = apparent K value of H2O 

H2SO4 = mole fraction of H2SO4 in liquid 

In Table A.2, the input instructions for the simulator run 

with DESIGN are shown. Actually two parallel simulations were 

performed; the relevant statements for the simulation described 

here are indicated. The initial results of this H2SO4 concentra­

tion subunit showed that the apparent K-values and hypothetical 

reactor approach functioned well, giving a material balance which 

was more accurate than that for the hand calculations, and which 

enabled the calculations to be done in a reasonably short time. 

Table A,3 presents a comparison of the material balance obtained 

by hand and with the DESIGN code. 

The results on the heat balance, however, given in Table 

A,4, are not sufficiently accurate. This is due to residual 

deviations in the curve fittings performed with the DISTILL 

preprocessor run on GA's enthalpy data, mainly on the heat of 

mixing, which for the moment has been accepted, GA is confident, 

however, that by choosing different curve fitting options it 

would be possible to decrease these residuals and thereby improve 

the accuracy. 
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TABLE A-2 
INPUT INSTRUCTIONS FOR DESIGN SIMULATOR RUN 

(Lines marked with -^ are relevant to example described in text) 

ECHO PRINT OF INPUT DATA 29DEC77 0: 4:24 
^*H2S04 CONCENTRATION * WATER SPLITTING » 
^HXE1=E-1,1,-2,TEM OUT9KO=6l3.15 
-^LA2=V-1 2 -4 -3 
^REA3=R-ll4[-5lsTO C0E=-1,1,1,C0N=0.158223,HEA(CAL/GMOL)=-24176,LIM=201, 
^ISO 
REA50=R-50,44,-50,STO COE=l,-l,-l,CON=1.0,HEA(CAL/Gb40L)=-24l76,LIM=1068, 
ISO 
HXE41=E-10,50-45,TEM OUT(K)=573.15 
FLA42=V-8,45,-46,-35 
REA43=R-8,46,-47,STO COE=-l,l,l,CON=3.76046E-2,HEA(CAL/GM0L)=-24277, 
LIM=201,IS0 
GENERAL 
->COM=201,62,1068 
^CHE FIL=•SULF•,'IS42•,'WSGA' 
^FLO(KGMOL/SEC)1=1.6175,0.8333,0.0000 
^TP(K,ATM)1=573,15,2.0 
FLO(KGMOL/SEC)44=0.2146,0.7189,0.0404 
TP(K,ATM)44=613.15,2.0 
^KKEYrl 
^EXC TAB 
^MAS UNI=3,TIM UNI=2,TEM UNI=2,PRE UNI=4,DUTY UNI=7 
->END 

THERMO DATA FILE OPENED FOR READ 
FILE NAME IS; SULF/IS42(WSGA) 



TABLE A-3 
COMPARISON OF MATERIAL BALANCE 

Stream No. 

Temp., K 

Press., 105 Pa 

H2SO4, kMol/s 

H2O, kMol/s 

' SOo, kMol/s 
00 -• 

TOTAL, kMol/s 

Eng. 
Flowsheet 

9a 

573.16 

2.027 

1.6175 

0.8333 

0.0000 

2.4508 

DESIGN 

1 

573.16 

2.027 

1.6175 

0.8333 

0.0000 

2.4508 

Eng. 
Flowsheet 

9b 

613.16 

2.027 

1.5858 

0.8650 

0.0317 

2.4825 

DESIGN 

2 

6I3.I6 

2.027 

1.6175 

0.8333 

0.0000 

2.4508 

Eng. 
Flowsheet 

11 

613.16 

2.027 

1.4172 

0.3004 

0.0000 

1.7176 

DESIGN 
Eng. 

Flowsheet DESIGN 

3 

613.16 

2.027 

1.4031 

0.2973 

0.0000 

1.7004 

12 

613.16 

2.027 

0.1686 

0.5646 

0.0317 

0.7649 

5 

613.16 

2.027 

0.1805 

0.5699 

0.0339 

0.7843 

• 



TABLE A,4 

COMPARISON OF HEAT DUTIES OF E-11 BASED 

ON DESIGN'S MATERIAL BALANCE 

Design Hand Calc. 

Heating 573,16K t o 613,16K, MJ/S 13,95 14,51 
Vapor i za t ion a t 613,16K, MJ/S 26,94 27.05 

Decomposition a t 613,16K, MJ/S 3,45 3.45 
Mixing, MJ/S 13.19 16.16 

T o t a l , MJ/S 57.53 61.17 
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APPENDIX B 

THE 1981 PRELIMINARY CAPITAL COSTS FOR 

FOR SECTIONS I, III, AND IV FOR A 3000 MW HEAT SUPPLY 
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Item 
No. 

C101 Primary scrubbing reactor 

CI02 Lower phase SO2 scrubber 

CI03 Boost reactor 

C104 Secondary scrubbing reactor 

5101 High pressure flash drum 

5102 Low pressure flash drum 

5103 SO2-H2O knockout drum 

5104 Primary water knockout drum 

5105 Secondary water knockout drum 

Table B-1 • 

Parallel 
Units 

6 

6 

6 

6 

6 

6 

6 

6 

1 

- Preliminary 

Diameter 
Meters 

3.8 

5.1 

5.1 

4.5 

3.6 

4.2 

4.7 

3.0 

3.0 

Capital 

Length 
Meters 

9.0 

19.5 

19.5 

8.6 

13.5 

12.0 

3.9 

3.9 

3.9 

Costs for Section 

Equivalent 
Mild Steel 
FOB Cost 

0.326 

0.847 

0.847 

0.381 

0.489 

0.452 

0.184 

0.113 

0.019 

I - M $ 

Actual FOB 
Cost Plus 
Adders 

1.353»+ 

3.868*+ 

3.868«-f 

1.651«-t-

1.743+ 

1.692+ 

0.192+ 

0.113 

0.019 

Installed 
Direct 

Capital Cost 

2.211 

6.096 

6.096 

2.653 

2.929 

2.875 

0.564 

0.337 

0.056 

Total Plant 
Investment 

Basis 

2.934 

8.027 

8.027 

3.508 

3.956 

3.849 

0.868 

0.505 

0.084 

R101 Heat exchanger reactor 1.E 7.5 1.175 20.171 22.206 26.518 

E101 SO2 heat exchanger 

El02 Sec. Ill water heat exchanger 

EI03 Sec. II water heat exchanger 

P101 Water feed pump 

PI03 Reactor feed pump from C101 

P104 Iodine feed pump 

PI05 Reactor feed pump from C103 

P106 Reactor feed pump from C104 

PI07 Reactor feed pump from SI03 

TE101 O2 power recovery turbine 

TEI03 Iodine power recovery turbine 

TC101 SO2 turbine compressor 

6 

2 

3 

6+1 

6+1 

6+1 

6+1 

6+1 
6+1 

1 

1 

1.7 
1.1 

1.2 

_ 

-

-

-

-

-

-

-

12.0 

12.0 

12.0 

_ 

-

-

-

-

-

_ 

-

0.713 

0.174 

0.275 

0.002 

0.009 

0.018 

0.033 

0.046 

0.007 

0.971 

0.057 

1.084 

0.174 

0.275 

0.002 

0.017 

0.036 

0.066 

0.092 

0.007 

0.971 

0.165 

2.023 

0.403 

0.638 

0.008 

0.031 

0.065 

0.118 

0.169 
0.016 

2.095 

0.244 

2.945 

0.615 

0.972 

0.012 

0.042 

0.090 

0.163 

0.233 
0.024 

3.157 

0.321 

7.059 7.059 15.233 22.960 

Adder includes the field installation of packing. 

*Adder includes the field installation of liner. 



Table B-2 - Preliminary Capital Costs for Section III - M$ 

Item 
No. 

C301 Iodine wash column 

C302 Iodine knockout column 

C303 KI distillation 

S301 Surge drum - C303 reflux 

5303 Flash drum - 1st H3P0i( stage 

5304 Flash drum - 2nd H3PO1) stage 

5305 Flash drum - 3rd H3POIJ stage 

5306 S-H3P0i( separator 

E301 Dilute H3P0i) cooler 

E302 Intermediate condenser on C303 

E303 Reboiler on C303 

E304 Condenser on C303 

E305 Iodine cooler 

E306 Heater - Ist H3P0i( stage 

E307 Heater - 2nd H^POn stage 

E308 Heater - 3rd H3P0l( stage 

E309 Concentrated H3POH cooler 

E310 Water cooler - 1st H-^PQn stage 

E311 Water cooler - 2nd H3p0i( stage 

E312 Water cooler - 3rd H3P0i( stage 

P301 Lower phase feed pump 

P302 Iodine wash water pump 

P304 Feed pump - C303 

P305 Concentrated H3P0j( pump 

TE301 Dilute H3P0i( PR turbine 

TE302 1st H3POJJ stage PR turbine 

TE303 2nd H3P0i( stage PR turbine 

TE304 3rd H3P0i) stage PR turbine 

TE305 Iodine power recovery turbine 

TC301 1st H^POii stage steam comp. 

TC302 2nd H3PO1) stage steam comp. 

TC303 3rd H3POI) stage steam comp. 

Parallel 
Units 

3 

10 

3 

3 
6 

5 

4 

3 

48 

3 

6 

6 

1 

48 

28 

22 

6 

1 

1 

1 

10+1 

3+1 

10+1 

10+1 

6 

5 

4 

Diameter 
Meters 

4.5 

7.7 

6.9 

2.7 

6.0 

3.6 

6.6 

5.9 

1.5 

1.6 

1.1 

1.6 

1.4 

1.5 

1.5 

1.5 

1.8 

1.7 

1.8 

1.7 

-

-
-

-
-
-
-
-

-
-
-

Length 
Meters 

18.0 

24.0 

21.6 

10.2 

9.0 

16.2 

10.7 

22.2 

12.0 

12.0 

12.0 

12.0 

12.0 

12.0 

12.0 

12.0 

12.0 

12.0 

12.0 

12.0 

-

-
-

_ 

-
-
-
-

-
-
-

Equivalent 
Mild Steel 
FOB Cost 

0.339 

3.059 

0.889 

0.125 

0.487 

0.348 

0.451 

0.544 

5.098 

0.144 

0.881 

0.800 

0.099 

4.964 

3.124 

2.203 

0.794 

0.125 

0.134 

0.139 

0.207 

0.006 

0.724 

0.202 

0.684 

0.618 

0.618 

0.548 

0.597 

25.791 

21.492 

17.194 

Actual FOB 
Cost Plus 
Adders 

2.700»+ 

28.537*+ 

21.642* 

0.413* 

1.619+ 

1.162+ 

3.156 

3.810 

51.486 

1.459 

3.853 

3.962 

0.998 

46.083 

24.758 

16.713 

8.023 

0.923 

0.987 

1.027 

0.414 

0.006 

1.449 

0.404 

1.368 

0.618 

0.618 

0.548 

0.995 

25.791 

21.492 

17.194 

Installed 
Direct 

Capital Cost 

3.263 

33.618 

24.394 

0.737 

2.876 

2.061 

5.653 

6.620 

58.025 

2.029 

4.983 

5.344 

1.388 

63.000 

33.644 

22.697 

11.154 

1.250 

1.337 

1.391 

0.794 

0.013 

2.653 

0.739 

2.314 

1.322 

1.322 

1.173 

1.821 

55.657 

46.381 

37.105 

ToUl Plan 
Investment 

Basis 

4.036 

41.220 

28.745 

0.945 

3.686 

2.641 

6.852 

8.037 

70.859 

2.450 

6.444 

6.794 

1.676 

77.019 

41.249 

27.874 

13.471 

1.539 

1.646 

1.713 

1.084 
0.020 

3.656 

1.017 

3.139 

1.946 

1.946 

1.727 

2.505 

83.891 

69.909 

55.927 

•Adder includes field Installation of packing. 
+Adder Includes field Installation of liner. 



Table B-3 - Preliminary Capital Costs for Section IV - M$ 

Item 
No. 

Parallel 
Units 

C40l1 HI-I2 Distillation column 1 

C402 HI Absorber 6 

C403 H2S Scrubber 2 

5401 Reactor effluent V-L separator 1 

5402 H2-HI vapor liquid separator 1 

D401 Reflux surge drum - C401 

R401 HI decomposition reactor 

E400 Misc. integrated heat exch. 

E4XX2 Absorption refrigeration unit 

P401 

P402 

P403 

P404 

P405 

P406 

P407 

Reactor feed pump 

HI recycle feed pump 

Reflux pump - C401 

Make-up water feed pump 

Recycle pump - C402 

SO2-H2O pump to C403 

Recycle pump -C403 

1 

13 

1 

4+1 

1+1 

1+1 

6+1 

6+1 

6+1 

2+1 

Diameter 
Meters 

4.7I 

4.1 

3.8 

2.9 

2.4 

3.3 

4.5 

Length 
Meters 

15.ol 

9.6 

27.3 

13.2 

9.6 

15.0 

27.0 

Equivalent 
Mild Steel 
FOB Cost 

0.170 

1.050 

0.700 

0.162 

0.121 

0.075 

1.750 

1.300 

1.689 

0.638 

0.287 

0.013 

0.020 

0.024 

0.018 

0.015 

Actual FOB 
Cost Plus 
Adders 

1.749* 

1.301*+ 

1.023*+ 

0.293+ 

0.201+ 

0.248+ 

3.688*+ 

6.461 

1.689 

1.845 

1.406 

0.037 

0.020 

0.069 

0.018 

0.015 

Installed 
Direct 

Capital Cost 

2.143 

4.301 

2.828 

0.710 

0.514 

0.364 

8.202 

9.222 

2.819 

2.906 
2.215 
0.058 
0.048 
0.109 
0.042 
0.035 

Total Plant 
Investment 

Basis 

2.597 
5.704 
3.981 

0.984 

0.717 

0.497 

11.245 

11.799 

4.562 

3.876 

2.954 

0.075 

0.072 

0.145 

0.063 

0.052 

TE401 HI-I2 power recovery turbine 1 

TE402 Hydrogen power recovery turbine 1 

0.348 

1.625 

1.007 

1.625 
1.483 

3.507 
1.997 
5.286 

*Adder includes field installation of packing. 

+Adder includes field installation of liners. 

T̂he HI-I2 distillation column is 2.7M dia. for the bottom 12M and 4.7M dia. for the remaining 3M. 

^The absorption refrigerator includes heat exchangers E408, E4lO and E411. 



APPENDIX C 

THE 1981 FLOWSHEETS FOR SECTIONS I, III, AND IV 

C-1 
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TABLE C-l 

MATERIAL BALANCE SECTION I MAIN SOLUTION 

Stream 

Number 

101a 

101b 

102 

103 
104 

105A 

105B 

106A 

I 106B 
107 

108 

109 

110 

111 

112 

113 
114 

115 

116 

117 

118 

119 
120 

121 

0 

0 

0 

0 

0 

0 

H2S0i( 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

.4143 

.9356 

.9356 

.9356 

0 

.9336 

.0020 
0 

0 

0 

2 

2, 

2, 

2, 

HI 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

.9754 

.0181 

.0181 

.0181 

0 

0 

.0181 
0 

0 

12 

0 

0 

12.1686 

1.0010 

0 

0 

0 

0 

0 

0 

0 

8.8322 

3.3364 

0 

0.0154 

12.7303 
12.2090 

12.1936 

12.1936 

0.0281 

0 

12.1655 
0 

0 

Molar Fl 

H2O 

0.4580 

0.4144 

0.1327 

0.0020 

0.4257 

4.7446 

4.7446 

10.7178 

10.7178 

2.8488 

7.8690 

0.0964 

0.0364 

0.0151 

0.1951 

17.3722 

16.3295 

16.1344 

16.1344 

0.3603 

5.0382 
10.7360 
0.0136 

0.0015 

ow Ratios 

SOp 

0 

0 

0 

0 

1.0129 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0.1963 

1.0275 

0.5061 

0.3099 

0.3099 

0.1790 

0.0054 

0.1255 
0 

0 

0 

0, 

0, 

0, 

0, 

0, 

1, 

O2 

0 

0 

0 

0 

.5000 

0 

0 

0 

0 

0 

0 

0 

0 

.5000 

.5000 

.5000 

,5000 

0 

0 

0 

0 
0 

.4499 

.0501 

R-11 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 
0 
0 
0 

Total 

0.4580 

0.4144 

12,3013 

1.0030 

1.9054 

4.7446 

4.7446 

10.7178 

10.7178 

2.8488 

7.8690 

8.9286 

3.3728 

0.5151 

0.9068 

33.0197 

32.4983 

31.5916 

31.5916 

0.5674 

5.9772 

25.0471 
0.0516 
0.0516 

Phase 

L 

L 

L 

L, 

G 

L 

L 

L 

L 

L 

L 

L 

L 

G 

G 

L+G 

L+G 

L 

L+G 

G 

L 
L 
L+G 
L+G 

Pres 

MPa 

0.101 

0.101 

0.185 

5.066 

0.200 

0.502 

0.101 

0.450 

0.420 

0.420 

0.420 

0.185 

0.430 

0.420-

0.440 

0.500 

0.440 

0.440 

0.110 

0.110 

0.110 
0.110 
0.101 
0.110 

Temp 

K 

298 

298 

393 

393 
418 

422 

359.6 

368 

359.6 

359.6 

359.6 

393 

393 

323 

393 

-

393 

393 

384.5 

384.5 

384.5 
384.5 
286.0 
289. 

Comments 

Make up water 

Make up water 

I2 from Section III 

I2 from Section IV 

SO2, O2 from Section I 

H2O from Section II 



TABLE C.l (cont.) 

MATERIAL BALANCE SECTION I - MAIN SOLUTION 

Stream 

Number 

122 

123 

124 

125 

126 

127 
128 

129 

i 130 

131 
132 

133 
134 

135A 

135B 

136 

137 

138 

139 
140 

141 

HpSOu 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

1.0060 

0.0020 

0 

0 

0 

HI 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

2.0161 

0 

0.0020 

0.1469 

3 

5, 

0, 

12, 

1. 

0, 

6. 

I2 

0 

0 

0 

0 

0 

0 

.2288 

0 

.6034 

0 

0 

0 

0 

0 

0 

.0133 
0 

.1615 

.0010 

.0039 

.5227 

Molar Fl 

H2O 

0.0066 

0.0069 

0.0077 
0.0008 

7.5935 

0.0039 
0.0352 

0.0106 

0.0611 

0.3925 

0.0595 

0.0595 

0.3327 

0.3038 

0.3038 

0.1568 

4.1224 

10.6842 

0.0020 

0.0526 

0.7299 

ow 

1 

1 

1 

0 

0 

0 

0, 

0, 

0, 

0, 

0, 

Ratios 

SO2 

0 

0 

0 

0 

0 

0 

0 

0 

0 

.0129 

.0052 

.0052 

.0069 

.0063 

.0063 

.0391 

.0038 

.0004 

0 

.1251 

.0152 

O2 

0.4499 

0 

0 

0.0501 

0 

0.0501 

0 

0.5000 

0 

0.5000 

0.5000 

0.5000 

0 

0 

0 

0.0501 

0 

0 

0 

0.0501 

0 

R-11 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

Total 

0.4565 

0.0069 

0.0077 

0.0509 

7.5935 

0.0540 

3.2640 

0.5106 

5.6641 

1.9054 

1.5718 

1.5718 

0.3396 

0.3327 

0.3327 

0.2092 

5.1322 

24.8642 

1.0030 

0.2337 

7.4147 

Phase 

G 

L 

L 

G 

L 

G 

L 

G 

L 

L+G 

G 

G 

L 

L 

L 

G 

L 

L 

L 

G 

L 

Pres 

MPa 

0.101 

0.101 

0.101 

0.110 

0.101 

0.101 

0.101 

0.103 

0.105 

0.195 

0.195 

0.500 

0.195 

0.195 

0.500 

0.105 

0.105 

0.110 

0.105 

0.105 

0.105 

Temp 

K 

286.0 

286 

286 

289.1 

359.6 

313 

393 

288.7 

393 

313 

313 

395.1 

313 

313 

313 

393 

393 
381.4 

393 

384.5 

384.5 

Comments 

O2 product 

Upper phase t 

Lower phase t 



TABLE C-l (cont.) 

MATERIAL BALANCE SECTION I - MAIN.SOLUTION 

Stream 

Number 

142 

143 

144 

145 

146 

147 

n I'̂S 

i) 149 

150 

151 

152 

153 
154 

155 

156 

_ 

0 

0 

0 

0 

HpSOii 

0 

0 

0 

0 

0 

0 

0 

0 

0 

.2180 

.2180 

.1963 

.1963 

0 

0 

0 

0 

0 

0 

0 

HI 

.1516 

0 

0 

0 

0 

0 

0 

0 

0 

4361 

5828 

3926 

3926 

0 

0 

6 

3 

9 

3 

3 

6 

I2 

.5227 

0 

0 

0 

0 

0 

0 

0 

0 

.0522 

.5748 

.1555 

.1555 

6044 

0 

Molar Flow 

0 

8 

8 

8 

8 

0 

0 

HpO 

.7299 0 

0 

0 

0 

0 

0 

0 

0 

0 

1279 

8578 

1508 

1508 

0631 

0289 0 

Ratios 

SOp 

.0152 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0006 

02 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

R-11 

0 

5.8942 

5.8942 

5.8942 

5.8942 

5.7125 

5.7125 

5.7125 

5.7125 

0 

0 

0 

0 

0 

0 

Total 

7.4194 

5.8942 

5.8942 

5.8942 

5.8942 

5.7125 

5.7125 

5.7125 

5.7125 

11.8342 

19.2334 

11.8952 

11.8952 

6.6675 

0.0295 

Phase 

L 

G 

G 

L 

L 

L 

L 

L 

L 

L 

L 

L 

L 

L 

L 

Pres 

MPa 

0.500 

0.818 

0.113 

0.113 

0.880 

0.880 

0.865 

0.860 

0.850 

0.101 

0.500 

0.440 

0.500 

0.105 

0.195 

Temp 

K 

384.5 

373 
300 

300 

300 

300 

327.3 

342.3 

373 

-

-

-

-

393 

313 

Comments 

Power recovery cycle 

SO2, HpO to Sec. IV 



TABLE C-2 
MATERIAL BALANCE - SECTION III HI SEPARATION AND PURIFICATION 

Stream 

No. 

300A 

300B 

301A 

301B 

302 

303A 

303B 

304 

o 305A 
VIP 305B 

305C 

306A 

306B 

306C 

307A 

307B 

308 

309 

310 

311A 

311B 

311C 

311D 

H2S0i) 

0 

0 

0.0020 

0.0020 

0 

0 

0 

0 

0.0020 

0.0020 

0.0020 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

HI 

0 

0 

2.0151 

2.0161 

0.0818 

0.0217 

0.0217 

0,0213 

2,0165 

2.0165 

2.0165 

2.2197 

2.2197 

2.2197 

0.1379 

0.1379 
2.0818 

0 

0 

0 

0 
0 
0 

l2 

0 

0 

12.1615 

12,1615 

0 

0,0080 

0,0080 

11,7847 

0.3848 

0.3848 

0.3848 

0.0011 

0,0011 

0,0011 

0,0001 

0,0001 

0,0010 

0 

0 

0 

0 
0 
0 

Molar Fl 

H2O 

0.0777 

0.0777 

10.6842 

10.6842 

O.O818 

0.1212 

0.1212 

0.1327 

14.8090 

14,8090 

14.8090 

0.0022 

0.0022 

0,0022 

0.0002 

0.0002 

0.0020 

14.8541 

0 

14,8541 

14,8541 
14,8541 
14,8541 

ow 1 

0 

0 

0 

0 

0 

Ratios 

SO2 

0 

0 

,0004 

.0004 

0 

0 

0 

0 

.0004 

.0004 

.0004 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 
0 
0 

H3P04 

0 

0 

0 

0 

0 

0.0869 

0.0869 

0.0869 

18.2352 

18.2352 

18.2352 

0 

0 

0 

0 

0 

0 

18,2352 

0 

18,2352 

18.2352 
18,2352 
18.2352 

Other 

»0, 

•0. 

•0, 

•0. 

•0, 

•0, 

•0, 

•0, 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

.0013 

.0013 

.0013 

.0001 

.0001 

,0012 

.0012 

,0012 

0 

0 
0 
0 

Total 

0.0777 

0.0777 
24.8642 

24.8642 

0,1636 

0,2378 

0,2378 

12.0256 

35.4479 

35.4479 

35.4479 

2.2243 

2.2243 

2.2243 

0,1383 

0,1383 

2,0860 

33.0905 

0,0012 

33.0893 

33.0893 
33.0893 
33.0893 

Phase 

1+g 

Pressure 

MPa 

0.101 

0.304 

0,110 

0,304 

8.309 

0.304 

0.304 

0.304 

0.304 

0.912 

0,912 

0.912 

0,912 

0,912 

0,912 

0.912 

0.912 

0,962 

0,962 

0.962 

0,962 
0,101 
0.101 

Temp 

K 

298.15 

298.15 

381.40 

381,40 

298.15 

393.15 

393.15 

393.15 

393.15 

393.15 

514.0 

303.15 

303.15 

303.15 

303.15 

303.15 

303.15 

523.0 

523.0 

523.0 

436.15 
436,15 
453.15 

Wai 

Comments 

ter input from environ. 

Input from Sec. I. 

Input from Sec. IV, 

H2S) 

H2S) 

H2S) 

H2S) 

H2S) 

H2S) HI output, Sec.IV 

S) 

S) Liq, sulfur output 



TABLE C~2 (cont,) 

MATERIAL BALANCE - SECTION III - HI SEPARATION AND PURIFICATION 

Stream 

No, 

312A 

312B 

313A 

313B 

314A 

314B 

314C 

n 314D 

t 314E 

315A 

315B 

316A 

316B 

316C 

316D 

316E 

317A 

317B 

318A 

318B 

318C 

318D 

318E 

H2SOH 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 
0 

0 

HI 

0,0004 

0,0004 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 
0 

0 

I2 

0,3918 

0.3918 

12.1685 

12.1685 
0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 
0 

0 

Molar Flow 

H2O 

0,0435 

0.0435 

0.1327 

0,1327 
5,0438 

5.0438 

5.0438 

5.0438 

5.0438 

9.8103 

9,8103 

3.4788 

3.4788 

3.4788 

3.4788 

3.4788 

6.3315 

6.3315 

2.1953 

2.1953 

2.1953 
2.1953 
2.1953 

Ratios 

SO2 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 
0 
0 

H3P0i) 

0 

18, 

18, 

18, 

18, 

0 

0 

0 

0 

0 

0 

0 

0 

.2352 

.2352 

0 

0 

0 

0 

0 

.2352 

.2352 

0 

0 

0 
0 
0 

Other 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 
0 
0 

Total 

0.4357 

0.4357 

12.3012 

12,3012 

5,0438 

5.0438 

5.0438 

5.0438 

5.0438 

28,0455 

28,0455 

3,4788 

3.4788 

3.4788 

3.4788 

3.4788 

24.5667 

24,5667 

2.1953 

2.1953 

2.1953 
2,1953 
2.1953 

Phase 

1 

1 

1 

1 

g 

g 
1 

1 

1 

1 

1+g 

g 

g 
1 

1 

1 

1 

1+g 

g 

g 
1 
1 
1 

Pressure 

MPa 

0,962 

0.962 

0,304 

0.185 
0,101 

1,165 

1.165 

1,165 

0,185 

0,101 

0.101 

0.101 

1,722 

1.722 

1.722 

0.185 

0.101 

0.101 

0.101 

2.279 

2.279 
2.279 
0,185 

Temp 

K 

520.0 

393.15 

393.15 

393.15 

453.15 

460.15 

460.15 

368.15 

368.15 

453.15 

471.15 

471.15 

478.15 

478.15 

368.15 

368.15 

471.15 

484.15 

484.15 

491.15 

491.15 
368.15 
368.15 

Comments 

Iodine, output to Sec. I, 



TABLE C-2 (cont.) 

SECTION III - HI SEPARATION AND PUHlFlCATiUN 

Stream H2SO4 

No. 

319A 

319B 

319c 

319D 

319E 

319F 

320 

0 

0 

0 

0 

0 

0 

0 

HI I2 

0 0 

0 0 

0 0 

0 0 

0 0 

0 0 

0 0 

MATERIAL BALANCE 

Molar Flow Ratios 

HgO SO2 

4.1362 0 

4.1362 0 

4,1362 0 

4,1362 0 

4,1362 0 

4,1362 0 

10.7178 0 

H3P04 Other 

8.2352 0 

8.2352 0 

8.2352 0 

8.2352 0 

8.2352 0 

8,2352 0 

0 0 

Total Phase 

22.3714 

22,3714 

22,3714 

22,3714 

22.3714 

22,3714 

10,7178 

1 

1 

1 

1 

1 

1 

1 

Pressure Temp 

MPa K 

0 

0 

0 

0 

0 

0 

0 

101 

101 

101 

101 

101 

304 

185 

484,15 

481,15 

466,22 

445,02 

405.26 

405.26 

368.15 

Comments 

H2O output to Sec. I, 



TABLE C-3 

MATERIAL BALANCE SECTION IV - HYDROGEN IODIDE CRACKING AND HYDROGEN PURIFICATION 

Stream 

Number 

401 

402 

403 

404 

405 

406 

407 

408 

? 409 

t̂  410 

411 

412 

413 
414 

415 

416 

417 

418 

419 

420 

421 

422 

HI 

2.0818 

2,0818 

3.2557 

3.2557 

4,2573 

4.2573 

2.2573 

1.2257 

1.0016 

1.0016 

1.0016 

1.0517 

1.0517 

1.0517 

1.0517 

0.0501 

1.0016 

1.0016 

0 

0 

1.2557 

1.2557 

l2 
0.0010 

0,0010 

0,0028 

0,0028 

0,0034 

0,0034 

1.0034 

0.0018 

1.0016 

1.0016 

1.0016 

0.0006 

0.0006 

0.0006 

0.0006 

T 

0,0006 

0.0006 

1.0010 

1.0010 

0.0018 

0,0018 

H20 

0.0020 

0.0020 

0,0021 

0.0021 

0,0021 

0,0021 

0.0021 

0.0001 

0,0020 

0,0020 

0,0020 

0 

0 

0 

0 

0 

0 

0 

0.0020 

0.0020 

0.0001 

0.0001 

1 

0 

0 

0 

0 

0 

0 

0 

0, 

0, 

0, 

"lolar 

H2S 

.0012 

.0012 

.0012 

.0012 

.0012 

.0012 

.0012 

.0012 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

.0012 

.0012 

Flow Ratios 

H2 

0 

0 

0,0339 

0.0339 

0.0369 

0.0369 

1.0369 

1.0339 

0.0029 

0.0029 

0.0029 

0.0030 

0.0030 

0.0030 

0.0030 

0,0001 

0.0029 

0.0029 

0 

0 

1.0339 

1.0339 

S02 Total 

2,0860 

2,0860 

3.2957 

3.2957 

4.3009 

4,3009 

4,3009 

2.2927 

2.0081 

2.0081 

2.0081 

1.0553 

1.0553 

1.0553 

1.0553 
0.0502 

1.0051 

1.0051 

1.0030 

1.0030 

2.2927 

2.2927 

Phase 

L 

L 

L 

L 

L 

L 

L+G 

G 

L 

L 

L 

G 

L 

L 

L 

L 

L 

L 

L 

L 

L+G 

L+G 

Pres 

MPa 

0.912 

8.309 

8.309 

8.309 

8.309 

8.309 

8.309 

8,309 

8,309 

5,066 

5.066 

5.066 

5.066 

5.066 

5,066 

5,066 

5,066 

8,309 

5,066 

5,066 

8,309 

8,309 

Temp 

K 

303 
313.6 

305.5 

393 

393 

415.2 

424 

424 

424 

424 

439 

393 

393 

393 

393 

393 

393 

393.6 

713 

393 

303 

291 

Comments 

HI from Section III 

Iodine to Seption I 



MATERIAL BALANCE SECTION IV 

TABLE C-3 (cont.) 

HYDROGEN IODIDE CRACKING AND HYDROGEN PURIFICATION 

Stream 

Number 

423 

424 

425 

426 

427A 

427B 

428A 

428B 

429 

430 

431A 

431B 

432 

433 
434 

435A 

435B 

436 

437A 

437B 

438 

439 

HI 

1.1739 

0.0818 

0 

0 

0 

0 

0 

0 

0 

0.0818 

0 

0 

0 

0.3792 

0.3792 

0 

0 

0 

0.4610 

0.4610 

0 

0 

l2 
0.0018 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

H20 

0.0001 

0 

0.0004 

0.4700 

0.5000 

0.5000 

0.0005 

0.0005 

0,0822 

0,0818 

0,0609 

0,0609 

0,0213 

0,3792 

0,3792 

0.0289 

0.0289 

0.0293 
0.4610 

0.4610 

0.4913 

O.OO87 

Molar 

H2S 

0 

0,0012 

0,0012 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0,0012 

0 

0 

0 

0 

Flow 

0 

1 

1 

1 

1, 

1, 

Ratios 

H2 

,0339 

,0000 

,0000 

0 

0 0, 

0 0, 

.0000 

.0000 

0 

0 

0 

0 

0 

0 

0 

0 

0 

.0000 

0 

0 

0 

0 0, 

S 

"o" 
0 

0 

0 

.0018 

.0018 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

.0018 

S02 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0.0006 

0.0006 

0.0006 

0 

0 

0 

0 

Total 

1.2097 

1.0818 

1.0016 

0.4700 

0.5018 

0.5018 

1.0005 

1.0005 

0.0822 

0.1636 

0.0609 

0.0609 

0.0213 
0.7584 

0.7584 

0.0295 

0.0295 

1.0311 
0.9220 

0.9220 

0.5000 

0.0105 

Phase 

L 

G 

G 

L 

L 

L 

L 

G 

L 

L 

L 

L 

L 

L 

L 

L 

L 

G 

L 

L 

L 

L+S 

Pres 

MPa 

8.309 

8.309 

8.309 

8.309 

8.309 

8.343 

8.309 

5.066 

8.309 

8.309 

0.101 

8.309 

8.309 

8.309 

8.309 
0.202 

8.309 

8.309 

8.309 

8.343 

8.309 

0.520 

Temp 

K 

291 

291 

298 

298 

298 

298 

298 

294 

298 

323 

298 

298 

298 

323 

305 

313 
298 

298 

323 

323 

298 

298 

Comments 

Hydrogen product 

HI2, H2O to Section III 

Make-up water 

SO2 from Section I 

S slurry to Section II 



TABLE C-4 

HEAT MATCH-UP SECTION III - HYDROGEN IODIDE SEPARATION AND PURIFICATION 

Heat Exch 

Number 

E301A 

E301B 

E305A 

E305C 

E305B 

E302A 

E301D 

E305C 

n E302B 

E E312A 

E301E 

E305D 

E302C 

E312B 

E311A 

E301F 

E305E 

E302D 

E312C 

E311B 

E310A 

Hot Side 

Temp In 

Deg K 

522.90 

520.00 

520.00 

510.00 

510.00 

510.00 

491.15 

491.15 

491.15 

491.15 

478.15 

478.15 

478.15 

478.15 

478.15 

460.15 

460.15 

460.15 

460.15 

460.15 

460.15 

Temp Out 

DeK K 

520.00 

510.00 

510.00 

491.15 

491.15 

491.15 

478.15 

478.15 

478.15 

478.15 

460.15 

460.15 

460.15 

460.15 

460.15 

444.99 

444.79 

444.79 

444.79 

444.79 

444.79 

Heat Exch 

Number 

E300A 

E300B1 

E300B2 

E300C1 

E300C2 

E300C3 

E300D1 

E300D2 

E300D3 

E300D4 

E300E1 

E300E2 

E300E3 

E300E4 

E300E5 

E300F1 

E300F2 

E300F3 

E300F4 

E300F5 

E300F6 

Cold Side 

Temp In 

Deg K 

509.26 

499.74 

499.74 

481.23 

481.23 

481.23 

467.85 

467.85 

467.85 

467.85 

448.43 

448,43 

448.43 

448.43 

448.43 

430.63 

430.63 

430.63 

430.63 

430.63 

430.63 

Temp Out 

Deg K 

512.00 

509.26 

509.26 

499.74 

499.74 

499.74 

481.23 

481.23 

481,23 

481.23 

467.85 

467.85 

467.85 

467.85 

467.85 

448.43 

448.43 

448.43 

448,43 

448,43 

448,43 

Heat 

Load 

kJ 

12.009 

41.409 

0.351 

78.057 

0.679 

2,495 

53.833 

0.457 

1.722 

2,700 

74,537 

0.632 

2,384 

2.707 

4.941 

62.777 

0.533 

2.007 

2.644 

4.161 

5.968 

Comments 



HEAT MATCH-UP SECTION III 

TABLE C-4 (cont.) 

HYDROGEN IODIDE SEPARATION AND PURIFICATION 

Heat Exch 

Number 

E301G 

E305F 

E302E 

E312D 

E311C 

E310B 

E309A 

T E305G1 

;; E305G2 

E302F1 

E302F2 

E312E1 

E312E2 

E311D1 

E311D2 

E310C1 

E310C2 

E309B1 

E309B2 

Hot Side 

Temp In 

Deg K 

444,99 

444,99 

444.99 

444.99 

444.99 

444.99 

444.99 

436.15 

416.72 

436.15 

416.72 

436.15 

416.72 

436.15 

416.72 

436.15 

416.72 

436.15 

416.72 

Temp Out 

Deg K 

436.15 

436.15 

436.15 

436.15 

436.15 

436.15 

436.15 

416.72 

393.15 

416.72 

410,00 

416,72 

368.15 

416.72 

368.15 

416.72 

368.15 

416.72 

412.33 

Heat Exch 

Number 

E300G1 

E300G2 

E300G3 

E300G4 

E300G5 

E300G6 

E300G7 

E300H1 

Sec. V 

E300H2 

Sec. V 

E300H3 

Sec. V 

E300H4 

Sec. V 

E300H5 

Sec. V 

E300H6 

Sec. V 

Cold Side 

Temp In 

Deg K 

412.62 

412.62 

412.62 

412.62 

412.62 

412.62 

412.62 

393.15 

393.15 

393.15 

393.15 

393.15 

393.15 

Temp Out 

Deg K 

430.63 

430.63 

430.63 

430.63 

430.63 

430.63 

430.63 

412.62 

412.62 

412.62 

412.62 

412.62 

412.62 

Heat 

Load 

kJ 

Comments 

36.606 

0.310 

1.191 

3.372 

2.427 

3.499 

31,617 

0.683 

0.828 Heat avail, for Sec, V Power Bottoming Cycle 

2,552 

0.883 Heat avail, for Sec. V Power Bottoming Cycle 

2.029 

7.750 Heat avail, for Sec. V Power Bottoming Cycle 

5.333 

13.016 Heat avail, for Sec. V Power Bottoming Cycle 

7.662 

18,851 Heat avail, for Sec. V Power Bottoming Cycle 

67.211 

17.042 Heat avail, for Sec. V Power Bottoming Cycle 



TABLE C-5 

HEAT MATCH-UP SECTION IV - HYDROGEN IODIDE DECOMPOSITION AND HYDROGEN PURIFICATION 

Heat Exch 

Number 

E406E 

E407B 

E405B 

E407C 

E407A 

E406D 

Sec. V 

? E405A 

S E406C 

Sec. V 

E406A 

Sec. V 

E406B 

Sec. V 

E407D 

E407E 

Hot Side 

Temp In 

Deg K 

403 

403 

393 

393 

421 

497,1 

555 

393 
531.8 

875 

713 

875 

625.7 

555 

347.8 

308 

Temp Out 

Deg K 

393 

393 

393 

347.8 

403 

403 

555 

393 

497.1 
784 

625.7 

784 

531.8 

555 

308 

303 

Heat Exch 

Number 

E401A1 

E401A2 

E401B 

E401C 

E402A 

E402B 

E402C 

E410 

E403 
E404A 

E404B1 

E404B2 

E404C1 

E404C2 

Sec, V 

C, W, 

Cold Side 

Temp In 

Deg K 

381,3 

381,3 
356,4 

305.5 

393 

393 

393 

373 
424 

713 

615.7 

615.7 

521.8 

521,8 

303 

293 

Temp Out 

Deg K 

393 

393 

381,3 

356,4 

415,2 

415.2 

415.2 

373 

439 

713 

615.7 

615.7 

521.8 

521.8 

-

Heat 

Load 

kJ 

0,681 

2,190 

8.290 

9.890 

4.599 
7.354 

2.159 

2,434 

2,597 

6,690 

6,778 

1.679 

7.296 

7.373 

8.700 

1.220 

Comments 

Thermal energy from Section V, steam 

Thermal energy from Sec, V, helium 

Thermal energy from Sec, V, helium 

Thermal energy from Sec, V, steam 

To Section V Power Bottoming Cycle 



TABLE C-6 
HEAT EXCHANGERS SECTION I - MAIN SOLUTION REACTION 

Heat 

Exch 

No. 

R101 

E101 

E102 

E103 

Heat 

Load 

kJ 

110,551 

18.303 

6.873 

23.933 

Hot Sid 

Stream 

No. 

113 
104 

107 

105A 

e In 

Temp 

Deg K 

393 
368 

368 

425 

Hot Sid 

Stream 

No. 

114 

131 

108 

105B 

e Out 

Temp 

DeR K 

393 

313 

. 359.6 

342,3 

Cold Side In 

Stream 

No. 

« 

« 

• 

• 

— 

Temp 

Deg K 

• 

* 

« 

• 

Cold Si 

Stream 

No. 

• 

« 

• 

» 

— 

.de Out 

Temp 

Deg K 

• 

« 

« 

• 

Comments 

Heat Avail, for Sec. V Power Recovery 

o 
I 

• Cold Side in Section V for waste heat recovery. 



HEAT EXCHANGERS SECT 

Heat Heat Hot Side In Hot Side Out 

Exch Load Stream Temp Stream Temp 

No. kJ No. Deg K No. Deg K 

E300 

E301 

E302 

E303 

E304 

E305 

E306A 

E306B 

? E306C 

" E307A 

E307B 

E307C 

E308A 

E308B 

E308C 

E308D 

E309 

E310 

E311 

E312 

521,478 

359,228 

13.234 

72.412 

39.685 

4,456 

77.568 

179.797 

59.177 

54.578 

120.361 

49.826 

10.964 

34.934 

73.669 

21.197 

115.865 

35.980 

29.878 

21,202 

» 

311A 

-

S e c V 

306A 

312A 

319C 

314B 

-

319B 

316B 

-

319A 

-

318B 

Sec.V 

319D 

314C 

316C 

318C 

• 

522 

510 

555, 

303, 

520, 

466, 

460, 

511 , 

481 , 

478, 

515, 

484, 

550, 

491 , 

555. 

444, 

460, 

478. 

4 9 1 , 

.90 

.00 

.00 

.15 

.00 

.22 

.15 

.15 

.15 

.15 

.15 

.15 

.0 

.15 

.00 

.99 

.15 

.15 

.15 

» 

311B 

-

S e c V 

306B 

312B 

319D 

314C 

-

319C 

316C 

-

319B 

-

318C 

S e c V 

319E 

314D 

316D 

316D 

• 

436, 

410. 

555, 

303. 

393. 

466. 

460. 

460, 

466. 

478. 

478. 

4 8 1 . 

4 9 1 . 

4 9 1 . 

555. 

412. 

368. 

368. 

368. 

.15 

.10 

,00 

.15 

.15 

,22 

.15 

.15 

,22 

,15 

,15 

,15 

,15 

,15 

,00 

33 

15 

15 

15 

* See Heat Match-up Section III for details. 

TABLE C-7 
III - HYDROGEN IODIDE SEPARATION AND PURIFICATION 

Cold Side In Cold Side Out 

Stream Temp Stream Temp Comments 

No, Deg K No. Deg K 

305B 
• 

« 

-
• 

« 

311C 

-

-

315A 

-

-

317A 

-

-

-
» 

» 

• 

• 

393.15 
• 

* 

523 
• 

• 

436.15 

447.39 

453.15 

453.15 

466,66 

471.15 

471.15 

474.02 

482.25 

484.25 
« 

« 

• 

« 

305C 
• 

• 

-
• 

« 

-

-

311D 

-

-

315B 

-

-

-

317B 
« 

« 

« 

« 

512.00 
• 

• 

523 
» 

» 

447,39 

453.15 

453,15 

466,66 

471.15 

471.15 

474.02 

482.25 

484.25 

484.25 
» 

« 

• 

» 

Thermal energy from Sec. V, steam 

TC301 Interstage Cooler 

TC302 Interstage Cooler 

TC303 Interstage Cooler 

Thermal energy from Sec. V, steam 



• 

HEAT EXCHANGERS SECTION IV 

Heat Heat Hot Side In Hot Side Out 

Exch Load Stream Temp Stream Temp 

No. kJ No. Deg K No. Deg K 

E401 

E402 

E403 

E404A 

E404B 

E404C 

E405 

E406 

E407 

E408 

E409 

E410 

E411 

21.051 

14.113 

2.597 

6.690 

8.457 

14.664 

10.724 

24.702 

26.499 

1.704 

0.100 

2.434 

4.138 

» 
» 

» 

• 

• 

« 

412 

419 

408 

421 

433 
« 

-

* 
» 

« 

» 

» 

> 

393 

713 
424 

303 

323 
• 

303 

« 
• 

« 

• 

« 

• 

413 

420 

421 

422 

434 
• 

-

393 

393 

303 

291 

303 
« 

303 

• See Heat Match-up Section IV for details. 

TABLE C-8 

HYDROGEN IODIDE DECOMPOSITION AND HYDROGEN PURIFICATION 

Comments 

Cold Si 

Stream 

No. 

403 

405-

410 

-

-

-
• 

• 

« 

• 

c. w. 
-

c, w. 

de In 

Temp 

Deg K 

305,5 

393 
415.2 

713 

615.7 

521.8 
« 

» 

• 

K 

293 

373 

293 

Cold Si 

Stream 

No. 

404 

406 

411 

-

-

-
• 

• 

• 

« 

-
-

de Out 

Temp 

Deg K 

393 
415.2 

439 

713 

615.7 

521,8 
• 

• 

« 

* 

373 
- Cooling water on cold side 



Power 

Device 

Number 

P101 

P102 

P103 

P104 

P105 

P106 

P107 
P108 

TC101 

TE101 

0 

0 

0 

0 

0 

0 

0 

0 

4 

-0 

TE102 -25 

TE103 -0 

ergy Inlet 

oad Stream 

kJ Number 

0019 101A 

0167 

2185 153 

0625 

2134 141 

1419 151 

0017 134 

5582 145 
3666 132 

8902 111 

9392 143 

2046 132 

• 

TABLE C- 9 

POWER DEVICES SECTION I - MAIN SOLUTION REACTOR 

Inlet 

Pres 

MPa 

0,101 

0,185 

0,440 

0,185 

0,105 

0,101 

0,195 

0,113 

0,195 

0,420 

0.818 

0.195 

Outlet 

Stream 

Number 

-

154 

110 

142 

-

135 

146 

133 
121 

120 

144 

133 

Outlet 

Stream 

MPa 

0.420 

0.430 

0.500 

0.430 

0.500 

0.500 

0.500 

0.886 

0.500 

0.110 

0.101 

0.113 

0.500 

Comments 

Intermediate pressure outlet of TE101 

Low pressure outlet of TE101 



POWER DEVICES SECTION III 

TABLE C -10 

HYDROGEN IODIDE SEPARATION AND PURIFICATION 

Power 

Device 

Number 

P301 

P302 

P303 

P304 

P305 

P306 

P307 

P308 

TC301 

TC302 

TC303 

TE301 

TE302 

TE303 

TE304 

TE305 

Energy 

Load 

kJ 

0.2537 

0.0029 

0 

0.9942 

0,2392 

-
-

-

53,5690 

45.7492 

31.6103 

-0,9044 

-0,0841 

-0,0902 

-0,0759 

-0,1828 

Inlet 

Stream 

Number 

3OIA 

3OOA 

303A 

305A 

319E 

307A 

-
-

314A 

316A 

318A 

3IIB 

314D 

316D 

3I8D 

313A 

Inlet 

Pres 

MPa 

0,110 

0.101 

0.304 

0.304 

0.101 

0.912 

0.922 

0,950 

0,101 

0,101 

0,101 

0.962 

1. 165 

1.772 

2.279 

0,304 

Outlet 

Stream 

Number 

3OIB 

3OOB 

303B 

305B 

319F . 

307B 

-
-

314B 

316B 

318B 

311c 

314E 

316E 

318E 

313B 

Outlet 

Pres 

MPa 

0,304 

0.304 

0.304 

0.912 

0,304 

0,912 

0,922 

0,950 

1,165 

1,722 

2.279 

0,101 

0,185 

0,185 

0.185 

0.185 

Comments 

Negligible Power Consumption 

Negligible Power Consumption 

Negligible Power Consumption, Recycle Stream 

Negligible Power Consumption, Recycle Stream 



Power 

Device 

Number 

P401 

P402 

P403 

P404 

P405 

P406 

P407 
n 

K TE401 

TE402 

Energy 

Load 

kJ 

0.996 

0.258 

-

0.015 

-

0.004 

-

-0,482 

-1,194 

Inlet 

Stream 

Number 

401 

417 

414 

431 

437A 

435A 

427A 

409 
426 

Inlet 

Pres 

MPa 

0,912 

5.066 

5.066 

0.101 

8.309 

0,202 

8,309 

8,309 

8.309 

TABLE C-11 

POWER DEVICES SECTION IV - HI CRACKING 

Outlet 

Stream 

Number 

402 

418 

415 

429 
437B 

435B 

427B 

410 

428 

Outlet 

Pres 

MPa 

8.309 

8.309 

5.066 

5.066 

8.309 

8,309 

8,309 

5.066 

5.066 

Comments 

Negligible Power Consumption 

Negligible Power Consumption 

Negligible Power Consumption 



APPENDIX D 
DETAILED FLOWSHEETS, INCLUDING MASS AND ENERGY BALANCES, 

FOR SECTIONS I THROUGH V 

D-1 
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TABLE D-1 

ENERGY BALANCE 

o 
1 

kJ/0.993 mole H2 

Gross Power Load 

Power Recovery 

Net External Power Demand 

Gross Heat Load 

Heat Recovery 

Heat from Other Sections 

Net External Heat Demand 

Net External Energy 
Demand 

Heat to Other Sections 

Reject Heat 

Enthalpy A 

Section 
I 

0.50 

23.53 

-23.03 

191.24 

186.19 

5.05 

0 

-23.03 

0 

116.18 

-134.16 

Section 
II 

31.32 

0 

31.32 

792.47 

512.74 

0 

421.29 

452.61 

141.56 

0 

311.05 

Section 
III 

126.53 

22.90 

104.06 

1087.18 

944.20 

151.43 

0 

104.06 

8.45 

140.86 

106.18 

Section 
IV 

0.01 

0 

0.01 

98.26 

77.39 

8.45 

27.34 

27.35 

14.92 

18.18 

2.70 

Process 
Sections 
Subtotal 

158.79 

46.43 

112,36 

2169.15 

1720.52 

164.93 

448.63 

560,99 

164,93 

275.22 

285,77 

Section 
V * 

239.27 

351.97 

112.70 

558.29 

33.70 

0 

495.54 

608.47 

461.05 

81.89 

608.47 

Overall 
Total 

-

-

-

608.47 

-

-

608.47 

608.61 

285.63 

322.98 

608.47 

The redesign of Section V needs to be completed since Section I has recently been modified. 
The given values in this table will change only slightly and the effect on the overall process 
efficiency will be insignificant. 

Thermal efficiency = |AH -(^) W |/Q = [285.77 - 1.2 x 0]/608.47 = 0.47 (47%) 



TABLE D - 2 

SECTION I 
HA IN SOLUTION REACTION 

MATERIAL BALANCE 
Bas i s: 

Stream 
Number 

101 
102 
103 
104 
105 
106 
107 
108 
109 
110 
111 
112 
113 
114 
115 
116 
117 
118 
119 
120 
121 
122 
123 
124 
125 
126 
127 
128 
128a 
128b 
128c 
128d 
129 
130 

0.993 Mole 

H2S0^ 

0 
0 
0 
0 
0 
0 
T 
0 
0 
T 
0 
0 
0 
0 
0 

0.92899 
0.00186 

0.92713 
0.03773 

0 
0 

0.03773 
0.92713 

0 
0 

0.99900 
0 
0 
0 
0 
0 
0 
0 
0 

H2 

Component Mol 

HI 

0 
0.01000 

0 
0 
0 
0 
0 
0 
0 
0 

0.00923 
0 
0 
0 
0 

1.86924 
1.86924 

0 
0.07546 

0 
0 

0.07546 
0 

0.00073 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

'2 

0 
7.75966 
0.99400 

0 
0 
0 
0 
0 
0 
0 

8.11102 
0.99400 

0 
0 

0.02455 
7.19908 
7.11908 

0 
0 
0 
0 
0 
0 

0.64265 
0 
0 

0.01318 
0 
0 
0 
0 
0 
0 
0 

ar Flow Ratios 

H2O 

0.84806 
0.13180 
0.00200 

0.38953 
4.71137 
7.69382 
2.49854 
0.84806 
8.99232 
8.14426 

0.12399 
0.00200 

0.38953 
0.34496 
0.40816 
14.89721 
9.89430 
5.00291 
7.57446 

3.40455 
3.40455 
7.57446 
5.00291 
0.00983 
0.04457 
4.09350 
0.05360 

0.02175 
0.50566 
0.50566 
0.48391 
0.48391 
0.02066 
0.00109 

SO2 

0 
0 
0 

1.00515 
0 
0 
0 
0 
0 
0 
0 
0 

1.00515 
0.89139 

0 
0.21605 
0.20118 
0.01487 

0 
0 
0 
0 

0.01487 
0 

0.11376 
0.00375 
0.03773 

0 
0 
0 
0 
0 
0 
0 

O2 

0 
0 
0 

0.49650 
0 
0 
0 
0 
0 
0 
0 
0 

0.49650 
0.44100 

0.46717 
0 
0 
0 
0 
0 
0 
0 
0 
0 

0.05629 
0 

0.05629 
0.52267 
0.52267 
0.52267 

0 
0 

0.49650 
0.02617 

R-11 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

Total Flow Ratios 

Mole 

0.84806 
7.90146 
0.99600 
1.89118 

4.71137 
7.69382 
2.49854 
0.84806 
8.99232 
8.14426 
8.24424 
0.99600 
1.89118 
1.67735 
0.89988 

25.11057 
19.16566 
5.94491 
7.68765 
3.40455 
3.40455 
7.68765 
5.94491 
0.65321 
0.21462 

5.09625 
0.16080 
0.54442 
1.02833 
1.02833 
0.48391 
0.48391 
O.517I6 
0.02726 

Weight 

7.6321 

985.75 
126.06 

43.607 
42.400 
69.241 
22.486 
7.6321 

80.926 
73.294 

1030.2 
126.06 

43.607 
38.678 
14.254 

1218.8 

1127.9 
90.921 

74.837 
30.639 
30.639 
74.837 
90.921 

81.623 
4.9412 

85.902 
4.2607 
8.5506 
12.906 
12.906 
4.3550 
4.3550 
8.1224 
0.42813 

Phase 

9 

9 
9 
9 

9 
t 
9 
9 
9 
g+t 
1 
t 
g+t 
9 

Pressure 
Pa«105 

1.01 
1.85 

50.66 
2.00 
5.02 
1.85 • 
1.85 
1.85 
1.85 
1.85 
1.85 
1.85 
1.85 
1.85 
1.85-
1.85 
1.85-
1.85-
1.85+ 
5.02 
5.02 

1.85 
1.85+ 
1.85 
1.85 
1.85-
1.85-
1.85-
1.85 
1.85 
1.85-
1.85+ 
1.01 
1.85-

Temp 

298 
393 
393 
368 
425 
370 
368 
298 
361 
368 
393 
393 
362 
362 
368 
368 
368 
368 
379.5 
377.5 
400 
379.5 
368 
393 
362 
393 
393 
313 
370 
313 
313 
313 
290.7-
378 

Comments 

H2O input.from environme 
I2 from Section 111 
I2 from Section iV 
SO2, O2 from Section II 

.02 output-H20 vapor 0.010 
H2O liquid 0.01066 
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TABLE D - 2 
SECTION I 

MAIN SOLUTION REACTION 
IJIATERIAL BALANCE 

(Continued) 

Str63(n 
Number 

I30a 
131 
132 
133 
n't 
135 
136 
137 
138 
139 
lllO 
I'll 
I'i2 
U 3 
1<tit 

HiS 
11168 
l ' i6b 
l<t6c 
111 7a 
Iii7b 
11170 
11|8a 
11|8b 
lii8c 
Ili9a 
1li9b 
Hi9c 
150 
151 

NjSOi, 

0 
0.00186 

0 
O.OOOIli 
O.OOOlli 
0.00200 

0 
0.99900 
0.00200 

0 
0 
0 
0 
0 
0 

0.00200 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

Component Holar 

HI 

0 
1.869211 

0 
0.1l|li76 
0.1l|li76 
2.01400 
0.00200 

0 
2.01200 

0 
0 
0 
0 
0 
0 

2.011|00 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

'2 

0 
7.19908 

0 
O.557I16 
O.557I16 
7.756511 
0.00388 

0 
7.75266 

0 
0 
0 
0 
0 
0 

7.756511 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

Flow Ratl( 

H2O 

0.00109 
9.89I13O 
11.71137 
0.76618 
0.76618 

IO.660I18 
0.05217 
I1.0935 

IO.609I1O 
I.30682 
1.30682 
ii.71137 
ii.71137 

IO.6I1280 
0.02066 

10.66048 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

3S 

S02 

0 
0.20118 

0 
0.015li< 
0.01511I 
0.21632 
0.21592 
0.00375 
0.00040 

0 
0 
0 
0 
0 
0 

0.2I632 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

02 

0.02617 
0 
0 
0 
0 
0 

0.02617 
0 
0 
0 
0 
0 
0 
0 

0.49650 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

R- l l 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

1.36462 
1.28574 
2.05860 
1.36462 
1.28574 
2.05860 
1.36462 
1.28574 
2.05860 
1.36462 
1.28574 
2.05860 
4.70896 
4.70896 

Total Flow Ratios 

Mole 

0.02726 
19.16566 
4.71137 
1.48368 
1 .48368 

20.64934 
0.30014 
5.09625 

20.37646 
1.30682 
] .30682 
4.71137 
4.71137 

10.64280 
0.51716 

20.64934 
1.36462 
1.28574 
2.05860 
1.36462 
1.28574 
2.05860 
1.36462 
1.28574 
2.05860 
1.36462 
1.28574 
2.05860 
4.70896 
4.70896 

Weight 

0.42813 
1127.9 

42.400 
87.323 
87.323 

1215.2 
8.4170 

85.902 
1207.2 

11.761 
11.761 
42.400 
42.400 
95.780 

8.1224 
1215.2 

93.648 
88.234 

141.27 
93.648 
88.234 

141.27 
93.648 
88.234 

141.27 
93.648 
88.234 

141.27 
323.15 
323.15 

Phase 

9 
9 

g+t 
9 

g+1 
g 
9 
9 
9 
I 

Pressure 
PaXloS 

1.85 
1.85+ 
5.02 
1.85-
1.85+ 
1.85+ 
1.85 
1.85+ 
1.85 
5.02 
5.02 
1.85 
5.02 
1.85 
1.85-
1.85 
7.00 
8.80 

10.60 
7.00 
8.80 

10.60 
6.42 
8.18 

10.12 
6.39 
8.18 

10.08 
1.13 
1.13 

Temp 

313 
368 
377.5 
368 
368 
368 
393 
393 
393 
377.5 
400 
377.5 
400 
368 
313 
390.8 
300 
300 
300 
340.1 
340.1 
340.1 
363.1 
373.1 
383.1 
363.1 
373.1 
383.1 
300 
300 

Comments 

Upper phase to Section 
Lower phase to Section 

H2O from Section 111 

R- l l MW=137.38 (c c U F ) 
J 

R- l l 
1 Power cycle 

i I 
1 



TABLE D-3 
SECTION I 

MAIN SOLUTION REACTION 
HEAT LOADS 

O 
I 

Heat Exch. 
Number 

E-lOU 
B 
C 

E-102 

E-103 

E-104 

E-105 

E-106 

E-107 

E-220b 

E-222b 

Energy 
Load, kJ 

29.409 
31.231 
49.010 

5.880 

116.178 

36.403 

9.103 

22.903 

2.257 

2.974 

2.071 

Hot-Side In 

Stream 
Number 

-

121 

150 

-

105 

128a 

140 

-

" 

Stream 
Temp.,«K 

379 
389 
398 

400 

300 

398 

425 

370 

400 

410 

405 

Hot-Sid 

Stream 
Number 

-

120 

151 

-

142 

128b 

139 

-

• 

e Out 

Stream 
Temp.'K 

368 
368 
368 

377.5 

300 

383 

400 

313 

377.5 

368 

393 

Cold-Side In 

Stream 
Number 

147a 
I47b 
147c 

-

C.W. 

135 

-

146 
a.b.c 

130a 

148a 

148c 

Stream 
Temp.'K 

340.1 
340.1 
340.1 

368 

-

368 

390.8 

300 

313 

363.1 

383.1 

Cold-Side Out 

Stream 
Number 

148a 
148b 
148c 

-

-

145 
-

147 
a.b.c 

130 

149a 

I49c 

Stream 
Temp.'K 

363.1 
373.1 
383.1 

393 
-

390.8 

393 

340.1 

378 

363.1 

383.1 

Hot side is 
Hot side is 
Hot side is 

Cold side Is 

Hot side is 

Cold side is 

Comments 

In C-101 
in C-101 
in C-101 

in C-102 

in C-101 

in C-104 



TABLE D-4 
SECTION I 

MAIN SOLUTION REACTION 
POWER LOADS 

Power 
Device 
Number 

P-101 

P-102 

P-103 

P-104 

P-I05 

P-I06 

P-107A 

107B 

107C 

P-108 

TE-IOI 

TE-I02 

TE-103 

TE-104 

TE-105 

Energy Load 
kJ 

0.001 

neglIglble 

negliglble 

neglIglble 

negligible 

negt iglble 

0.108 

0.127 

0.262 

negligible 

0.287 

0.497 

21.916 

0.023 

0.809 

Input 
Stream No. 

101 

122 

118 

117 

126 

133 

151 

151 

151 

128c 

103 

104 

149a,b,c 

132 

144 

Input Stream 
Pressure, PaxlO^ 

l.ot 

1.85-

1.85-

1.85-

1.85-

1.85-

1.13 

1.13 

1.13 

1.85-

50.66 

2.00 

6.39,8.18,10.08 

5.02 

1.85" 

Output 
Stream No. 

108 

119 

123 

131 

137 

134 

146a 

146b 

146c 

I28d 

112 

113 
150 

141 

129 

Output Stream 
Pressure, Pa x 10^ 

1.85 

1.85+ 

1.85+ 

1.85+ 

1.85+ 

1.85+ 

7.00 

8.80 

10.60 

1.85+ 

1.85 

1.85 

1.13 

1.85 

1.01 

Comments 



TABLE D-5 
SECTION II 

H.SOj, CONCEHTRATION AND DECOMPOSITION 
MATERIAL BALANCE 

Basis: .0993 mole H, Product 

Stream 
No. 

201a 
201b 
202 
202a 
202b 
203 
203a 
203b 
204 
205 
205a 
205b 
206 
207 
207a 
207b 
208 
209 
209a 
209b 
210 
211 
211a 
211b 
212 
213 
214 
214a 

215 
216 
216a 
216b 
217 
218 
218a 
2l8b 

Component Molar Flow Ratios 

H2S0^ 

o.gyso 
0.9990 
0.9990 
0.9999 
0.9999 
0.9995 
1.3688 
1.3688 
0.0004 
1.3660 

1.3983 
1.3982 
0.0028 
1.3838 
1.4704 
1.4683 
0.0144 

1.4157 
1.6362 

1.6019 
0.0526 

1.4193 
1.6561 

1.5578 
0.1826 
1.3610 
0.1968 

0.2859 
0.2368 
0.0491 
0.2317 
0.2731 
0.2205 
0.0526 
0.1052 
0.1092 

SO3 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

0.0001 
0 
0 
0 

0.0021 
0.0001 

0 
0 

0.0343 
0.0021 

0 
0 

0.0983 
0.0343 

0 
0.0983 
0.0092 

0 
0.0092 

0.0435 
0.0021 

0 
0.0021 
0.0042 
0.0002 

SO2 

0.0038 
0.0038 
0.0038 
0.0038 
0.0038 

0 
0 
0 

0.0038 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

H20 

4.0935 
4.0935 
4.0935 
4.0973 
4.0973 
2.1161 
2.9024 
2.9024 
1.9812 
1.8608 
1.9048 

1.9049 
1.0416 
1.2263 
1.3031 
1.3052 
0.6786 
0.7294 
0.8430 

0.8773 
0.5758 
0.3009 
0.3510 

0.4493 
0.5764 
0.1547 
0.2946 
0.2055 
0.0501 
0.1554 
0.7318 
0.6904 
0.1136 
0.5768 
1.1526 
1.1486 

O2 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

S 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

H2S 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

Total Flow Ratio 

Mole 

5.0963 
5.0963 
5.0963 
5.1010 
5.1010 
3.1156 
4.2712 
4.2712 
1.9854 
3.2268 

3.3031 
3.3032 
1.0444 
2.6101 
2.7735 
2.7756 

0.6931 
2.1451 
2.4792 
2.4792 
0.6305 
1.7202 
2.0071 
2.1054 

0.7933 
1.5157 
0.5897 
0.5006 

0.2869 
0.2137 
1.0070 

Weight 

85.194 
85.194 
85.194 
85.992 
85.992 

68.017 
93.189 
93.189 

17.975 
83.676 
85.654 
85.654 
9.513 

78.836 
83.770 
83.770 
6.818 

75.926 
87.752 
86.380 
7.844 

72.245 
84.298 
84.298 
15.506 
68.073 
16.225 
16.225 
12.053 
4.173 
19.679 

0.9656 ' 19-679 
0.3341 • 11.826 

0.6315 ; 7.853 
1.2620 i 15.697 
1.2580 15.697 

Phase 

1 
t 
I 
I 
t+g 

I 
I 

i+g 
9 
I 
i 

•l+g 

g 
I 
I 
l+g 
9 
i 
I 
H+g 
g 
I 
I 
l+g 
g 
t 

g 
Jl+g 
t 
g 
g 
8,+g 

t. 
g 
g 
i+g 

Pressure 
PaXloS 

1.85 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 

Temp. 
"K 

393 
393 
425 
425 
470 
470 
470 
502 
470 
502 
502 
536 
502 
536 
536 
573 
536 
573 
573 
613 
573 
613 
613 
634 
613 
634 
634 
613 
613 
613 
613 
573 
573 
573 
573 
536 

Comments 



TABLE D - 5 
SECTION I I 

H2SOJJ CONCENTRATION AND DECOMPOSITION 
MATERIAL BALANCE 

(CONTINUED) 

No. 

219 
220 
220a 
220b 
221 
222 
222a 
222b 

223 
224 
224a 
224b 
225 
226 
227 
228 
229 
230 
231 
232 
232a 
232b 
232c 
232d 
233 
234 
235 
236 
236a 
237 
238 
239 
240 
241 
242 
243 

H2S0^ 

0.0866 
0.0226 
0.0370 
0.0372 
0.0323 
0.0049 
0.0077 
0.0078 
0.0073 
0.0005 
0.0009 
0.0009 
0.0009 

0 
0.3620 
1.3610 
1.3610 
0.8269 
0.1966 
0.0005 
0.0005 

0 
0 
0 

0.3484 
0.3620 
0.3620 
0 
0 
0 
0 
0 
0 
0 
0 
0 

Component Molar 

SO3 

0 
0.0002 
0.0003 
0.0001 

0 
0.0001 
0.0001 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

0.5341 
1.1644 

0.3615 
O.36I5 
0 
0 
0 

0.0136 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

S02 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

0.0038 
0.0038 
0 

0.0038 
0 
0 
0 
0 
0 

0.9990 
1.0014 
0 
0 
0 

1.0014 
1.0014 
0 

1.0014 
1.0052 
1.0052 
0.0038 
0.0038 
0.0038 
0.0011 
0.0011 
0.0027 

1 

H20 

0.0768 
1.0718 
1.7504 
1.7502 
0.0440 
1.7042 
2.7478 
2.7477 
0.0137 
2.7340 
4.7152 
4.7152 
0.0038 
4.7114 
0.7726 

0.1547 
0.1547 
0.6888 

1.3191 
1.5152 
1.5236 
0.0072 
0.0072 
0 

1.1757 
1.1621 
0.7726 

0.3895 
0.3895 
0.3895 
4.7114 
4.7114 
4.7114 

1.3163 
1.3163 
3.3951 

Flow Rat 

O2 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

0.4995 
0.4965 

0 
0 
0 

0.4965 
0.4965 
0 

0.4965 
0.4965 
0.4965 

0 
0 
0 
0 
0 
0 

(OS 

S 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

0.0012 
0.0012 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

H2S 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

0.0012 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

Total Flow Ratio 

Mole 

O.I634 
1.0946 
1.7877 
1.7875 
0.0763 
1.7092 
2.7556 
2.7555 
0.0210 
2.7345 
4.7199 
4.7199 
0.0047 
4.7152 
1.1346 

1.5157 
1.5157 
2.0498 
2.6801 

3.3757 
3.3835 
0.0084 
0.0084 
0.0012 
3.0356 
3.0220 
1.1346 
1.8874 
1.8912 
1.8912 
4.7152 
4.7152 
4.7152 
1.3174 
1.3174 
3.3978 

Weight 

4.934 
10.763 
17.581 
17.581 
1.979 

15.584 
25.116 
25.116 
0.481 

24.635 
42.610 
42.610 
0.078 

42.531 
24.690 

68.073 
68.073 
68.073 
68.073 
68.073 
68.183 
0.084 
0.084 
0.020 

68.183 
68.183 
24.690 
43.492 
43.614 1 
43.614 

42.531 
42.531 
42.531 
11.884 
11.884 
30.648 

1 Phase 

I 
9 
s 

It+g 
l 
9 
g 
H+g 
t 
g 
g 

l+g 
I 

9 
I 
i. 
I 
9 
9 
9 
g 
H+s 
l+s 
g 
9 
H+g 

I 
9 
9 
g 
9 
g 
9 
g 
11 
g 

Pressure 
Pa^loS 

2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
8.60 
8.60 
8.60 
7.80 
5.20 
5.20 

1.013 
5.2 
5.2 
2.40 
2.00 
2.00 
2.00 
2.00 
2.00 
2.00 
5.02 
5.02 
5.02 
5.02 
5.02 

Temp. 

536 
536 
536 
502 
502 
502 
502 
470 
470 
470 
470 
425 • 
425 
425 
470 
635 
686 
686 
800 
1144 
1144 

303 
303 
400 
579 
418 
418 
418 
418 
368 
425 
499 
425 
425 
425 
425 

Comments 

Slurry pump. 



TABLE D-5 

o 
I 

O 

H^SO^ 
SECTION I I 

CONCENTRATION AND DECOMPOSITION 
MATERIAL BALANCE 

(Continued) 

Stream 
No. 

244 
245 
246 
247 
248 
249 
250 
251 
252 
253 
254 
255 
256 
257 
258 

H2S0^ 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

Component Molar Flow Ratios 

SO3 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

SO2 

0.0027 
0.0027 
0.0012 
0.0012 
0.0012 
0.0012 
0.0015 
0.0015 
0.0015 
0.0015 
0.0015 
0.0015 
0.0038 
O.QO38 

T 

H2O 

3.3951 
3.3951 
1.4459 
1.4459 
1.4459 
1.4459 
t.9492 
1.9492 
1.9492 
1.9492 
1.9492 
1.9492 
4.7114 

0 
4.7114 

O2 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

Sa 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

H2S 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

Total Flow Ratio 

Mole 

3.3978 
3.3978 
1.4471 
1.4471 
1.4471 
1.4471 
1.9507 
1.9507 
1.9507 
1.9507 
1.9507 
1.9507 
4.7152 
0.0038 
4.7114 

Weight 

30.648 
30.648 
13.054 
13.054 
13.054 
13.054 
17.594 
17.594 
17.594 

>hase 

9 
9 
9 

17.594 ! I 
17.594 
17.594 
42.531 
, 0.121 
42.409 

t 
t 
t 
9 
t 

Pressure 
Pa^lO* 

9.35 
9.35 
9.35 
9.35 
9.35 
5.02 
9.35 
17.95 
17.95 
17.95 
17.95 
5.02 
5.02 
5.02 
4.90 

Temp. 
•K 

496 
450 
450 
450 
425 
425 
450 
533 
480 
480 
425 
425 
425 
425 
425 

Comments 



TABLE D-6 
SECTION II 

H-SO. CONCENTRATION AND DECOMPOSITION 
HEAT AND POWER LOADS 

Heat Exch. 
Number 

E-201 
E-202 
E-203 
E-204 
E-205 
E-206 
E-207 
E-208 
E-209 
E-210 
E-211 
E-212 
E-213 
E-214 
E-215 
E-216 
E-217 
E-218 
E-219 
E-220 
E-221 
E-222 
E-223 
E-224 
E-225 
E-226 
E-227 
E-228 
E-229 
E-230 

Energy 
Load, kJ 

15.113 
3.854 

103.162 

4.632 
63.546 
6.979 

49.390 
12.303 
48.984 
26.195 
61.130 
26.113 
44.058 
172.119 

6.120 
123.561 
13.531 
93.326 

132.401 
3.591 

81.540 
5.518 
13.805 
50.001 
6.653 

52.775 
2.843 
4.849 
67.193 
8.544 

Hot-Side Input I 
Stream 
Number 

(a) 
224a 
(a) 
222a 

Ca) 
220a 
(a) 
218a 
(a) 
216a 
(a) 
214a 

(a) 
(a) 
(a) 
232 
(a) 
233 
(a) 
236 
(a) 
226 
239 
241 
244 
246 
247 
251 
252 
253 

Stream 
Temp,'K 

(a) 
470 
(a) 
502 
Ca) 
536 
(a) 
573 
ta) 
613 
ta) 
634 
(a) 
(a) 
(a) 

1144 
Ca) 
579 
(a) 
418 
(a) 
425 
499 
425 
496 
450 
450 
533 
480 
480 

Hot-Side Output 
Stream 
Number 

(a) 
224b 
(a) 
222b 
Ca) 
220b 
(a) 
218b 
Ca) 
216b 
(a) 
214b 
(a) 
(a) 
(a) 
233 
Ca) 
234 
(a) 
237 
(a) 
238 
240 
242 
245 
247 
248 
252 
253 
254 

Stream 
Temp. 'K 

(a) 
425 
(a) 
470 
(a) 
502 
Ca) 
536 
(a) 
573 
(a) 
613 
(a) 
(a) 
(a) 
579 
(a) 
418 
(a) 
368 
(a) 
393 
425 
425 
450 
450 
425 
480 
480 
425 

Cold-Side Input 
Stream 
Number 

201b 
(a) 
202a 
(a) 
203a 
Ca) 
205a 

Ca) 
207a 
(a) 
209a 
(a) 
211a 
231 
235 
(a) 
228 
(a) 
229 
(a) 
230 
(b) 
(b) 
(b) 
(b) 
(b) 
(b) 
(b) 
(b) 
(b) 

Stream 
Temp, 'K 

393 
(a) 
425 

Ca) 
470 
(a) 
502 
(a) 
536 
Ca) 
573 
(a) 
613 
800 
418 
Ca) 

• 635 
Ca) 
686 
(a) 
686 
(b) 
(b) 
(b) 
(b) 
(b) 
(b) 
(b) 
(b) 
(b) 

Cold-Side Output 
Stream 
Number 

202 
(a) 
202b 
Ca) 
203b 
(a) 
205b 
(a) 
207b 
(a) 
209b 
(a) 
211b 
232 
227 
(a) 
229 
(a) 
230 
(a) 
231 
(b) 
(b) 
(b) 
(b) 
(b) 
(b) 
(b) 
(b) 
(b) 

Stream 
Temp, "K 

425 
(a) 
470 
(a) 
502 
(a) 
536 
(a) 
573 
Ca) 
613 
(a) 
614 
1144 
470 
Ca) 
686 
(a) 
686 
(a) 
800 
(b) 
(b) 
(b) 
(b) 
(b) 
(b) 
(b) 
(b) 
(b) . 

Comments 

\ Heat generated by compression of steam. 

j-1 
1 

\ 
I 
I 
1 
/ 

(a): See Table - 4 for first heat load match up 

(b): See Table - 5 for heat load match up (utilization of heat generated by compression of steam) 



TABLE D-6 

SECTION II 
H so. CONCENTRATION AND DECOMPOSITION 

HEAT AND POWER LOADS 
(Continued) 

Power 
Device 

P-201 

P-202 

P-203 

C-201 

C-202 

C-203 

Energy 
Load kJ 

0.003 

0.067 

Negligible 

17.362 

8.280 

5.608 

Input 
Stream Number 

201a 

213 

232b 

238 

243 

250 

Input Stream 
Pressure, Pax 10 

1.85 

2.00 

1.013 

2.00 

5.02 

9.35 

Output 
Stream Number 

201b 

228 

232c 

239 

244 

251 

Output Stream ^ 
Pressure, Pax 10 

2.00 

8.60 

5.20 

5.02 

9.35 

17.95 

Comments 

Slurry pump. 



TABLE D-7 

H^SO^ 
SECTION II 

CONCENTRATION AND DECOMPOSITION 
HEAT LOAD MATCHUP 

I 

heat Exch. 
Number 

(a) 
E-216a 
(a) 
E-216b 
(a) 
(a) 
E-216C 
E-216d 
(a) 
E-216e 
E-212 
(a) 
E-210 
E-218a 
(a) 
E-208 
E-218b 
(a) 
(a) 
E-206 
E-218C 
E-218d 
(a) 
(b) 
E-204a 
E-218e 
(b) 
(a) 
E-218f 
E-220a 
(b) 
E-204b 
E-202 
E-220b 

BASIS: 0.993 mole H2 Product 

Hot - Side 
Input Temp, 

(a) 
1144 
(a) 
810 
(a) 
(a) 

706.9 
645 
(a) 
628 
634 
(a) 
613 
579 
(a) 
573 
546 
Ca) 
(a) 
536 
512 
495 
(a) 
(b) 
502 
480 
(b) 
(a) 
435 
418 
(b) 
485.7 
470 
410 

\^\ 

Output Temp. 

Ca) 
810 
(a) 
706.9 
(a) 
(a) 
645 
628 
(a) 
579 
613 
(a) 
573 
546 
(a) 
536 
512 
(a) 
Ca) 
502 
495 
480 
(a) 
(b) 
485.7 
435 
(b) 
(a) 
418 
410 
(b) 
470 
425 
368 

Cold - Side 
Heat Exch. 
Number 

E214a 
E214bl 
E214b2 
E221A 
E221B 
E219 
E217 
E213A 
E213B 
E211A 
E211B 
E211C 
E209A 
E209B 
E209C 
E207A 
E207B 
E207C 
E205a 
E205b 
E205C 
E205dl 
E205d2 
E205e 
E203A 
E203B 
E203C 
E203D 
E201a 
E201b 
E201C 
E215a 
E215b 

Input Temp. 
•K 

1130 
800 
800 
686 
686 
686 
635 
613 
613 
573 
573 
573 
536 
536 
536 
502 
502 
502 
497 

493.49 
488.5 
470 
473.6 
470 
425 
425 
425 
425 
404.1 
402.8 
393 
450.7 
418 

Output Temp. 
°K 

1144 
1130 
1130 
800 
800 
686 
686 
634 
634 
613 
613 
613 
573 
573 
573 
536 
536 
536 
502 
497 
493.49 
488.5 
488.5 
473.6 
470 
470 

470 
470 
425 
404.1 
402.8 
470 
450.7 

Heat Load 

k. 

7.005 
73.043 
92.071 
22.553 
58.987 
132.401 
13.531 
3.718 

40.340 
10.716 
26.113 
24.301 
26.195 
19.129 
3.660 

12.303 
19.709 
17.378 
9.929 
6.979 
9.854 
8.695 
22.584 
5.505 
2.366 

26.085 

63.455 

11.256 
9.854 
0.617 
4.642 
2.266 
3.854 

Comments 

E214 load total 172.119 

E221 load total 81.540 

E213 load total 44.058 

E211 load total 61.130 

E209 load total 48.984 

E207 load total 49.390 

E205 load total 63.546 

E203 load total 103.162 

E201 load total 15.113 

E215 load total 6.120 

Cold BiJa is in pewar cycle of Section I 

Heat supplied 
See Table - 5 

from Section V 
for heat load mi 

(Helium Section) 
Itch up ( Heat generated by steam compression) 



TABLE D-7 

»2^°4 

SECTION II 
CONCENTRATION AND DECOMPOSITION 

HEAT LOAD MATCHUP 
(Continued) 

O 
I 

Hot - Side 
Beat Exch. 
Number 

E-228 
E-225a 
E-223a 
E-225b 
E-229A 
E-225C 
E-223b 
E-230a 
E-226A 
E-229B 
E-229C 
E-229D 
E-226B 
E-226C 
E-223C 
E-230b 
E-230C 
E-227A 
B-227B 
E-230C1 
E-230C2 
E-223dl 
E-223d2 
E-224A 
E-224B 
E-224C 
E-2228 
E-222b 

Input Temp. 

•K 

533 
496 
499 
491.5 
480 
480 
480 
480 
450 
480 
480 
480 
450 
450 
450 
450 
445.23 
450 
450 
441.92 
441.92 
432.5:i 
432.55 
425 
425 
425 
425 
405 

Output Temp. 

•K 

480 
491.5 
480 
480 
480 
450 
450 
450 
450 
480 
480 
480 
450 
450 
432.55 
445.23 
441.92 
425 
425 
425 
425 
425 
425 
425 
425 
425 
405 

393 

Cold - Side 
Heat Exch. 
Number 

E205el 
E205e2 
E203C1 
E203C2 
B203C3 
E203C41 
E203C42 
E203C43 
E203C5 
E320 
E312 
E309B 
E307 
E311A11 
E311A12 
E309B1 
E309C12 
E322A121 
E311B21 
E322A122 
E311B22 
E322A123 
E311B23 
E322A124 
E311B24 
E201C1 
E201C2 

Input Temp. 
•K 

470.4 
470 
467.5 
466.3 
449.3 
438.98 
438.98 
438.P8 
425 
461.38 
457.5 
430.85 
430.85 
423.17 
422.28 
422.28 
407.16 
412.79 
412.79 
412.51 
412.51 
412.36 
412.36 
407.16 
407.16 
399.7 
393 

" 

Output Temp. 
"K 

'473.6 
470.4 
470 
467.5 
466.3 
449.3 
449.3 
449.3 
438.98 
465 
457.5 
457.5 
430.85 
430.85 
423.17 
430.85 
413.09 
413.09 
413.09 
412.79 
412.79 
412.51 
412.51 
412.36 
412.36 
402.8 
399.7 

** 

Heat Load 

^J 

4.849 
0.656 
3.545 
1.658 

23.946 
4.339 
5.596 
4.660 
19.711 
38.567 
2.375 
2.305 
5.061 

28.003 
3.225 
0.742 
0.513 
1.306 
1.537 
1.207 
1.422 
0.647 
0.762 
22.415 
26.391 
1.195 
3.447 
2.071 ^ 

Comments 

old side is in power cycle In Section 1 



Basis: 0.99300 g-mole H2 Product 
T - "Trace" 

TABLE D-8 
SECTION I I I 

HI Separation 
Mater ia l Balance 

O 
I 

M 

Stream 
Number 

300 

301 

302 

303 
304 
305 
306 
307 
308 
309 
310 
311 
312 
313 
314 

315 
316 
317 
318 
319 
320 
321 
322 
323 
324 
325 

326 

H2S0^ 

0 

0.00200 

0 

T 
0 
0 
0 
T 
T 
T 

0.00200 
T 

0.00200 
0 
0 

0 
0 
0 
0 
0 
0 
0 
0 
T 
0 
0 

0 

Component Molar Flow Ratios 

HI 

0 

2.01200 

0.08120 

0 
0 
0 
0 

0.01240 
0.01240 
0.01240 
2.02450 
0.01240 
2.02450 
2.08535 
2.08535 

0.01250 

0 
0 

2.07720 
0.01000 
0.01000 

0 
T 
0 

2.21820 
2.21820 

0.15100 

'2 

0 

7.75266 

T 

0 
0 
0 
0 

0.01240 
0.01240 
7.56836 
0.53970 
0.01240 

0.53970 
0.54770 
0.54770 

0.34300 
0 
0 

0.20470 
0.20370 
0.20370 

0 
7.55596 

0 
0.05140 
0.05140 

0.05040 

H2O 

0.08440 

10.60940 

0.08120 

T 
0.07000 
0.07000 
0.07000 

0.03100 
0.03100 
0.02480 
14.72583 
0.02480 

14.72583 
0.09500 
0.09500 

0.02500 

7.74113 
10.33761 
0.07000 
0.06800 
0.06800 
0.30519 
0.06380 

T 
0.26900 
0.26900 

0.26700 

SO2 

0 

0.00040 

0 

0 
0 
0 
0 
0 
0 
0 

0.00040 
0 

0.00040 
T 
T 

T 
0 
0 
T 
0 
0 
0 
0 
0 
0 
0 

0 

S 

0 

T 

0 

T 
0 
0 
0 
0 
0 
0 
T 
0 
T 
T 
T 

T 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

0 

H2S 

0 

T 

T 

0 
0 
0 
0 
0 
0 
0 
T 
0 
T 

0.00120 
0.00120 

T 
0 
0 

0.00120 
0 
0 
0 
0 
0 

0.00120 
0.00120 

T 

HsPO^ 

0 

0 

0 

1.06604 
0 
0 
0 

0.06200 
0.06200 
0.06200 
14.26942 
0.06200 
14.26942 

0 
0 

0 
0 
0 
0 
0 
0 
0 
0 

1.06604 
0 
0 

0 

Total Fl 

Moles 

0.08440 

20.46646 

0.16240 

1.06604 
0.07000 
0.07000 
0.07000 
0.11780 
0.11780 
7.66756 

31.65185 
7.66756 

31.65185 
2.72925 
2.72925 

0.38050 

7.74113 
10.33761 
2.35310 
O.28170 
O.28I70 
0.30519 
7.61976 
1.06604 
2.53980 
2.53980 

0.46840 

ow Ratio 

Weight 

0.076 

1207.204 

5.920 

52.186 
0.630 
0.630 
0.630 

5.679 
5.679 

963.721 
1028.978 
963.721 
1028.978 
203.585 
203.586 

44.516 
69.666 
93.033 
159.347 
2.708 
2.708 
2.747 

958.672 
52.186 
150.710 
150.710 

18.443 

Phase 

961 

gtt 
gSl 

get 

Pressure 
k PaXlO-2 

1.013 

1.850 

50.663 

1.013 
1.013 
2.026 
2.026 
2.026 
1.850 
1.850 
1.850 
2.026 

1.013 
1.013 
1.013 

1.013 
6.786 
6.786 
1.013 
1.013 
1.850 
1.013 
2.026 
1.013 
1.013 
1.013 

1.013 

Temp. 
"K 

298.15 

393.15 

303.00 

457.75 
298.15 
298.15 
381.57 
393.15 
393.15 
393.15 
393.15 
393.15 
418.00 
401.00 
387.00 

387.00 

436.85 
436.85 
387.00 
457.50 

457.51 
534.15 
393.15 
534.15 
377.60 
368.15 

368.15 

Comments 

Net input from the 
env1ronment 
Input from Sec. 1, H2S0i,-HI 
Synthesis 
Input from Section IV, HI 
Decomposition 

to.01250 HI 0.34300 l2-
0.02500 H2O] M plus a 
trace of S(s). 

1.14003 H2O (g) 
1.39315 H2O (g) 

[2.06720 HI+0.00100 I2+ 
0.00200 H2O+O.OOI2O 
H2S)(g) 



TABLE D-8 
SECTION III 

HI Separation 
Material Balance 

(Continued) 

Stream 
Number 

327 
328 
329 
330 
331 
332 
333 
334 
335 
336 
337 
338 
339 
340 
341 

342 
343 
344 
345 
346 
347 
348 
349 
350 
351 
352 
353 
354 
355 
356 
357 
358 
359 
360 

HzSOu 

0 
T 
0 
0 
0 
0 
0 
T 
T 
T 
0 
T 
0 
0 
0 

T 
0 
T 
T 
T 
0 
0 
0 
0 
T 
0 
T 
0 
0 
0 
T 
T 
0 
T 

HI 

0 
0 

2.06720 
2.06720 
2.06720 
2.06720 
2.06720 

0 
0 
0 

0.01250 
0 
0 
0 
0 

0 
T 
0 
0 
0 
0 

0.01000 
0.01000 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

Component Mol 

'2 

0 
0 

0.00100 
0.00100 
0.00100 
0.00100 
0.00100 

0 
0 
0 

0.34300 
0 
0 
0 
0 

0 
7.55596 

0 
0 
0 
0 

0.20370 
7.75966 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

H20 

0 
0.30519 
0.00200 
0.00200 
0.00200 
0.00200 
0.00200 
4.08523 
14.72083 
14.72803 
0.02500 

4.08523 
2.59648 
10.64280 
0.00720 

4.08523 
0.06380 
T 
T 

4.08523 
11.14230 
0.06800 
0.13180 
0.01440 
14.72803 
4.33285 
10.39518 
4.33285 
4.33285 
4.33285 
T 

10.39518 
3.40828 
6.98690 

ar Flow 

SO2 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
T 
0 
0 
0 
0 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

Ratios 

S 

0 
T 
0 
0 
0 
0 
0 
T 

0.00120 
T 
T 
T 
0 
0 

0.00120 

T 
0 
0 
0 
T 
0 
0 
0 
0 
T 
0 
T 
0 
0 
0 
T 
T 
0 
T 

H2S 

0 
0 

0.00120 
0.00120 
0.00120 
0.00120 
0.00120 

0 
0 
0 
T 
0 
0 
0 
0 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

H3POI, 

3.05102 
1.06604 
0 
0 
0 
0 
0 

14.26942 
15.33546 
15.33546 

0 
14.26942 

0 
0 
0 

14.26942 
0 

1.06604 
1.06604 

14.^6942 
0 
0 
0 
0 

15.33546 
0 

15.33546 
0 
0 
0 

1.06604 
15.33546 

0 
15.33546 

Total F 

Moles 

3.05102 
1.37123 
2.07140 
2.07140 
2.07140 
2.07140 
2.07140 

18.35465 
30.05749 
30.06349 
O.38O50 

18.35465 
2.59648 
10.64280 
0.00840 

18.35465 
7.61976 
1.06604 
1.06604 

18.35465 
11.14230 
O.28I70 
7.90146 
0.01440 
30.06349 
4.33285 
25.73064 
4.33285 
4.33285 
4.33285 
1.06604 

25.73064 
3.40828 
22.32236 

ow Ratio 

Weight 

n?:lS6 
132.267 
132.267 
132.267 
132.267 
132.267 
735.300 
883.221 
883.266 
44.516 

735.300 

23.367 
95.780 
0.084 

735.300 
958.672 
52.186 
52.186 

735.00 

100.275 
2.708 

985.752 
0.130 

883.266 
38.994 

844.272 
38.994 
38.994 
38.994 
52.186 

844.272 
30.673 

813.600 

Phase 

9 
I 
9 
9 
9 
I 
t 
1 
1 
t 
t 
t 

gU 
g&l 
l&s 

t 
I 
t 
t 
t 

g&l 
1 
t 
t 

g«l 
9 
t 
9 
gSl 
gil 

I 
gSl 
9 
t 

Pressure 
k Pa^^lO-^ 

9.480 
1.013 
1.013 
1.013 
8.268 
8.268 
50.663 
1.013 
1.013 
1.013 
1.850 
1.850 
6.786 
6.786 

1.013 

1.013 
1.850 

1.013 
1.013 
1.013 
1.850 
1.850 
1.850 

1.013 
1.013 
1.013 
1.013 

10.252 
10.252 
6.786 

1.013 
1.013 
1.013 
1.013 

Temp. 
•K 

380.00 

476.65 
368.15 
300.00 
373.24 
300.00 
300.41 

457.75 
430.85 
430.85 
387.01 

393.15 
436.85 
436.85 
300.00 

438.85 
393.15 
438.85 
401.00 
393.15 
391.01 
389.80 
393.15 
298.15 
446.11 
446.11 
446.11 
454.11 
454.11 
436.85 
488.65 
461.38 
461.38 
461.38 

Comments 

HI output to Section 

0.25312 H20(g) 
1.45639 H20(9) 
0.00120 S(s) Output 
Section II. 

0.49950 H20(g) 

IV. 

to 

Iodine Output to Section 1 

4.33285 H20(9) 

0.31583 H20(g) 
0.45110 >l20(g) 

3.40828 H20(g) 



TABLE D - 8 
SECTION I I I 

HI Separation 
Material Balance 

(continued) 

Stream 
Number 

361 
362 
363 
364 
365 
366 
367 
358 
369 
370 
371 
372 
373 
374 
375 
376 
377 
378 
379 
380 
381 
382 
383 
384 
385 

386 
387 
388 
389 
390 
391 
392 

HjSOi, 

0 
T 
0 
0 
0 
0 
T 
T 
0 
0 
0 
0 
0 
T 
0 
0 
0 
T 
0 
0 
0 
0 
0 
0 
0 

0 
0 
0 
0 
0 
0 
0 

HI 

0 
0 
0 
0 

0.08120 
0 
0 
0 
0 
0 

2.02450 

2.07285 
0.00435 

0 
0 
0 
0 
0 
0 

0.07685 
0 
0 
0 
0 
0 

0 
0 
0 
0 
0 
0 
0 

Component Fl 

I2 

0 
0 
0 
0 
T 
0 
0 
0 
0 
0 

0.53970 
0.20470 

0 
0 
0 
0 
0 
0 
0 
T 
0 
0 
0 
0 
0 

0 
0 
0 
0 
0 
0 
0 

H20 

3.40828 

4.08523 
3.40828 
3.40828 
O.O8I2O 
2.59648 
T 

6.98690 
2.59648 
2.59648 

14.72583 
0.07000 
T 

4.39042 

0.30519 
0.30519 
0.30519 
0.30519 
10.64280 
0.08120 
10.64280 
10.64280 
0.49950 
0.49950 
0.49950 

0 
0 
0 
0 
0 
0 
0 

ow Molar 

SO2 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

0.00040 
T 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

0 
0 
0 
0 
0 
0 
0 

Ratios 

S 

0 
T 
0 
0 
0 
0 
0 
T 
0 
0 
T 
T 
0 
T 
0 
0 
0 
T 
0 
0 
0 
0 
0 
0 
0 

0 
0 
0 
0 
0 
0 
0 

H2S 

0 
0 
0 
0 
T 
0 
0 
0 
0 
0 
T 

0.00120 
T 
0 
0 
0 
0 
0 
0 
T 
0 
0 
0 
0 
0 

0 
0 
0 
0 
0 
0 
0 

H3P0^ 

0 
14.26942 

0 
0 
0 
0 

1.06604 
15.33546 

0 
0 

14.26942 
0 
0 

15.33546 
0 
0 
0 

1.06604 
0 
0 
0 
0 
0 
0 
0 
R-ll* 

3.96034 
3.96034 
3.05102 
0.90932 
0.90932 
0.90932 
3.05102 

Total Flow Ratio 

Moles 

3.40828 
18.35465 
3.40828 
3.40828 
0.16240 
2.59648 
1.06604 

22.32236 
2.59648 
2.59648 
31.65185 
2.34875 
0.00435 
19.72588 

0.30519 
0.30519 
0.30519 
1.37123 
10.64280 
0.15805 
10.64280 
10.64280 
0.49950 
0.49950 
0.49950 

3.96034 
3.96034 
3.05102 

0.90923 
0.90932 
0.90932 
3.05102 

Weight 

30.673 
735.300 

30.673 
30.673 
5.920 

23.367 
52.186 

813.600 
23.367 
23.367 

1028.978 

15.907 
0.278 

790.233 
2.747 
2.747 
2.747 
54.933 
95.780 
5.642 

95-780 
95.780 

4.495 
4.495 
4.495 

544.07 
544.07 
419.15 
124.92 
124.92 
124.92 
419.15 

Phase 

9 
t 

g6£ 
gS£ 
gSJ. 

I 
1 

g&l 
9 
g 
t. 

g 
g 
I 
I 

g&i 
9 
I 
t 
I 
I 

n-
9 
9 
I 

9 
a 
n 
i 
i 
9 
l 

Pressure 
k PaxlO-2 

14.348 

1.013 
14.348 
6.786 

1.013 
19.666 

1.013 
1.013 
1.013 

19.666 
1.013 
1.013 
1.013 
1.013 

52.519 
6.786 

52.519 
1.013 
1.850 

1.013 
t.850 
1.850 
1.850 
3.396 
3.396 

1.130 
1.130 
1.130 
1.130 
7.000 
6.390 
10.000 

Temp. 
°K 

469.38 
476.65 
469.38 
436.85 
288.94 
484.65 
469.38 
476.65 
476.65 
484.65 
393.15 
387.00 
288.94 
476.65 
540.15 
436.85 
540.15 
534.15 
415.00 
288.94 
368.15 
391.01 
391.01 
463.92 
413.00 

300 
300 
300 
300 
300 
363.1 
300 

Comments 

0.52105 820(9) 
0.68893 H20(g) 
[0.00435 Hl+trace 

2.59648 H20(g) 

0.06324 H20(g) 

0.30519 H20(g) 

H20](g) 

H2O Output to Section 1 

"FREON-II 



TABLE D - 9 

Basis: 0.993 g-mole H, 

Section III 
HI Separation 

Heat Exchanger Loads and Operating Temperatures 

Heat Exch. 
Number 

Energy 
Load. kJ 

Hot-Side In 
Stream 
Number 

Stream 
Temp,K 

Hot-Side Out 
Stream 
Number 

Stream 
Temp. K 

Cold-Side In 
Stream 
Number 

Stream 
Temp, K 

Cold-Side Out 
Stream 
Number 

Stream 
Temp, K Comments 

E-301 
E-302 
E-303 
E-304 
E-305 
E-306 
E-307 
E-308 
E-309 

E-310 
E-311 

E-312 
E-313 
E-314 
E-315 
E-316 
E-317 
E-318A 
E-318B 
E-318C 
E-318D 
E-319A 
E-319B 
E-319C 
E-319D 
E-320A 
E-320B 
E-320C 
E-320D 
E-321A 
E-321B 
E-321C 

0.4400 
72.2842 
21.5858 
41.2642 
4.5295 
8.0996 
5.0611 

136.2974 
6.9204 

18.4793 
108.8309 

2.3750 
1.5130 
4.1025 
4.1975 
4.1975 

41.1935 
145.2961 
60.2526 
42.8573 
4.0444 

101.5068 
60.3627 
41.1041 
0.5706 
88.4231 
38.5672 
35.4359 
4.1236 
8.9001 
6.2228 
9.7365 

[Heat Recovered with Section III] 
340 
324 

(C-302) 
313 
344 

436.85 
377.60 
393.15 
401.00 
438.85 

379 
325 

(C-302) 
314 
345 

415.00 
368.15 
393.15 
387.00 
401.00 

(Heat from Section II] 
342 I 438.85 | 346 | 393.15 

[See Comments] 

382 I 391.00 I 381 I 368.15 

320 
329 

(TC-301) 
(TC-301) 
331 
354 
334 

(TC-302) 
303 
361 
362 

(TC-303) 
367 
370 

(TC-304) 
357 
377 

(TC-305) 
323 

391.00 I 381 
[See Coranents] 

I I 
[Heat from Section 
457.51 
368.15 
373.23 
373.23 
373.23 
454.11 
457.75 
454.11 
457.75 
469.38 
476.65 
469.38 
469.38 
484.65 

[Heat from 
484.65 
488.65 
540.15 
540.15 
534.15 

348 
330 

(TC-301) 
(TC-301) 
332 
355 
342 

(TC-302) 
344 
363 
334 

(TC-303) 
303 
366 

Section 
(TC-304) 
367 
375 

(TC-305) 
357 

II] 
389.80 
300.00 
300.00 
300.00 
300.00 
454.11 
438.85 
454.11 
438.85 
469.38 
457.75 
469.38 
457.75 
484.65 

II] 
484.65 
469.38 
540.15 
540.15 
488.65 

305 
(C-303) 

Heat 
Heat 
Heat 
Heat 

306 381.57 
(C-303) 430.85 
Recovery Table] 
Recovery Table) 
Recovery Table] 
Recovery Table] 

I 430.85(+) 
Recovery Table] 
(C-304) I 457.50 

[See Section III Heat Recovery Table] 
(C-303) 405.78 (C-303) 430.85 

298.15 
401.00 

[See Section III 
[See Section III 
[See Section III 
[See Section III 

|430.85(-) 
[See Section III Heat 

(C-304) I 377.50 

[See 
[See 
[See 
[See 
[See. 

Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 

457.50(-) 
Section III 
Section III 
Section III 
Section III 
Section III 

430.85 
430.85 
430.85 
430.85 
446.11 
446.11 
446.11 
446.11 
465.01 
465.01 
465.01 
461.38 
499.17 
519.76 
476.65 

Heat Recovery 
Heat Recovery 
Heat Recovery 
Heat Recovery 
Heat Recovery 

Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 
Shell Side 

457.50(+) 
Table] 
Table) 
Table) 
Table] 
Table] 

446.11 
446.11 
446.11 
446.11 
461.38 
461.38 
461.38 
461.38 
476.65 
461.38 
476.65 
476.65 
519.76 
534.15 
499.17 

54.2347 kJ is isothermal at 436.85K on warm side 

See Section II for heat supply temperature 

3.5605 kJ demand is supplied from Section II; 
the remainder is recovered within Section III. 

61.3702 demand is supplied from Section II; 
the remainder is recovered within Section III. 
See Section II for heat supply temperature. 

36.9960 kJ is Isothermal at 300.OOK on warm side 

See Section II for heat supply temperature 



TABLE D-9 
Section III 

HI Separation 
Heat Exchanger Loads and Operating Temperatures 

(Continued) 

Heat Exch. 
Number 

E-322 
E-323 
E-324 
E-325 
E-326 

Energy 
Load, kJ 

107.0491 
20.7363 
90.0754 
26.0012 
97.7397 

Hot-Side In 
Stream 
Number 

Stream 
Temp, K 

[Heat Recovered 
384 1 463.92 

[Heat Recovered 
[Heat Recovered 
386 300.00 

Hot-Side Out 
Stream 
Number 

Stream 
Temp, K 

within Section III) 
1 385 1 413.00 

within Section III&IV 
within Section III) 

387 300.00 

Cold-Side In 
Stream 
Number 

371 
(C-303) 

392 
390 
CW 

Stream 
Temp, K 

393.15 
401.00 

300.00 
300.00 

Cold-Side Out 
Stream 
Number 

312 
(C-303) 

327 
391 

Stream 
Temp, K 

418.00 
405.78 

380.00 
363.10 

-

See 

See 
See 

Section 

Section 
Section 

Comment 

III Heat 

III Heat 
III Heat 

s 

Recovery 

Recovery 
Recovery 

Table 

Table 
Table 



TABLE D-10 

Section III 
Detailed Heat Matchup 

1 
2 
3 
4 
5 
6 
7 
8 
9 

10 

11 
12 
13 
14 
15 
16 
17 
18 
19 
20 
21 
22 
23 
24 
25 
26 
27 
28 
29 
30 
31 
32 
33 
34 
35 

Heat 
Exch. 

No. 

E-301 A 
E-301 A 
E-301 A, 
E-301 B, 
E-301 B , 
E-301 B:f 
E-303 A^ 
E-303 B 
E-303 C, 
E-303 C2 

B-304 
B-J05 A 
E-305 B 
E-305 C 
E-305 D 
E-305 E 
E-305 F 
E-305 G 
E-305 H 

1 E-306 A 
E-306 B 
E-306 C 
E-306 D 
E-306 E 
E-306 F 
E-306 G 
E-306 H 
E-306 I 
E-306 J 
E-306 K 
E-306 L 
E-307 
E-308 A 
E-308 B 
E-308 C 

Max. 
Temp. 

K 

3 8 1 . 5 7 
3 8 1 . 5 7 
3 8 1 . 5 7 
3 7 7 . 5 0 
3 7 7 . 5 0 
3 7 7 . 5 0 
3 7 7 . 6 0 
3 7 6 . 9 4 
3 7 3 . 2 3 
3 7 1 . 1 5 

3 9 3 . 1 5 
4 0 1 . 0 0 
4 0 1 . 0 0 
3 9 8 . 3 9 
3 9 8 . 0 9 
3 9 8 . 0 9 
3 9 7 . 9 8 
3 9 7 . 8 5 
3 9 3 . 1 5 
4 3 8 . 8 5 
4 3 8 . 8 5 
4 3 8 . 8 5 
4 3 8 . 8 5 
4 3 8 . 8 5 
4 1 9 . 5 9 
4 1 9 . 5 9 
4 1 9 . 5 9 
4 1 5 . 5 4 
4 1 5 . 5 4 
4 0 9 . 0 2 
4 0 9 . 0 2 
4 3 0 . 8 5 
4 3 8 . 8 5 
4 3 8 . 8 5 
4 3 8 . 8 5 

Min. 
Temp. 

K 

3 7 7 . 5 0 
3 7 7 . 5 0 
3 7 7 . 5 0 
2 9 8 . 1 5 
2 9 8 . 1 5 
2 9 8 . 1 5 
3 7 6 . 9 4 
3 7 3 . 2 3 
3 7 1 . 1 5 
3 6 8 . 1 5 
393 .15 
393 .39 
3 9 8 . 3 9 
3 9 8 . 0 9 
3 9 7 . 9 8 
3 9 7 . 9 8 
3 9 7 . 8 5 
3 9 3 . 1 5 
3 8 7 . 0 0 
4 1 9 . 5 9 
4 1 9 . 5 9 
4 1 9 . 5 9 
4 1 9 . 5 9 
4 1 9 . 5 9 
4 1 5 . 5 4 
4 1 5 . 5 4 
4 1 5 . 5 4 
4 0 9 . 0 2 
4 0 9 . 0 2 
4 0 1 . 0 0 
4 0 1 . 0 0 
4 3 0 . 8 5 
4 1 9 . 5 9 
4 1 9 . 5 9 
4 1 9 . 5 9 

Heat 
Exch. 

No. 

E-313S 
E-308Q 
E-305E 
E-313T 
E-308R 
E-305F 
E - 3 2 » i 
E-414 
E325B2 
B-324E2 
E-324G4 
E-309J3 
E-322F. 
E-309K:: 
E-309L, 
E - 3 0 U , 
E-301B, 
E-324C^ 
E-325B 
E-309D., 
E-311B^ 
E-309E, 
E-322A:: 
E-311D, 
E-309G, 
E-322C:( 
E-311F:: 
E-309H:: 
E-322D, 
E - 3 0 9 I , 
E-323E3 

E-309D2 
E-311B 
E-309E2 

Max. 
Temp 

K 

3 9 8 . 0 9 
3 9 8 . 0 9 
3 9 8 . 0 9 
3 9 7 . 9 8 
3 9 7 . 9 8 
3 9 7 . 9 8 
3 6 3 . 1 5 

-
3 6 3 . 1 5 
363 .07 
380 
3 9 5 . 1 3 
3 9 5 . 1 3 
3 9 3 . 1 5 
3 8 1 . 5 7 
381 .57 
3 7 7 . 5 0 
3 8 0 . 0 0 
3 6 5 . 0 0 
4 2 6 . 2 8 
4 2 6 . 2 8 
4 1 8 . 0 0 
4 1 8 . 0 0 
4 1 8 . 0 0 
4 0 7 . 2 7 
4 0 7 . 2 7 
4 0 7 . 2 7 
4 0 5 . 7 8 
4 0 5 . 7 8 
4 0 1 . 0 0 
4 0 1 . 0 0 

-
4 2 6 . 2 8 
4 2 6 . 2 8 
4 1 8 . 0 0 

Min. 
Temp. 

K 

3 9 7 . 9 8 
3 9 7 . 9 8 
3 9 7 . 9 8 
3 9 7 . 8 5 
3 9 7 . 8 5 
3 9 7 . 8 5 
3 6 3 . 1 5 

-
3 6 3 . 1 5 
3 3 8 . 0 0 
380 
3 9 3 . 1 3 
3 9 3 . 1 5 
381 .57 
3 7 7 . 5 0 
3 7 7 . 5 0 
2 9 8 . 1 5 
3 8 0 . 0 0 
3 6 5 . 0 0 
4 1 8 . 0 0 
4 1 8 . 0 0 
4 1 3 . 7 1 
4 1 3 . 7 1 
4 1 3 . 7 1 
4 0 5 . 7 8 
4 0 5 . 7 8 
4 0 5 . 7 8 
4 0 1 . 0 0 
4 0 1 . 0 0 
3 9 5 . 1 3 
3 9 5 . 1 3 

-
4 1 8 . 0 0 
4 1 8 . 0 0 
4 1 3 . 7 1 

Heat 
Load 

kJ 

0 . 0 0 0 1 
0 . 0 1 9 8 
0 . 0 0 1 6 
0 . 0 0 2 9 
0 .3857 
0 .0297 
1 .5112 
8 . 4 4 8 0 
4 . 7 6 0 5 
6 . 8 6 6 1 

4 1 . 2 6 4 2 
0 . 0 1 2 1 
0 .6056 
0 . 0 7 1 2 
0 . 0 2 5 1 
0 . 0 0 1 6 
0 . 0 2 9 7 

4 1 . 2 6 4 2 
1 .9897 
0 .4432 

2 2 . 2 3 7 1 
0 . 3 4 4 1 

17 .1376 
1 7 . 2 6 9 9 

0 .0092 
0 . 4 5 7 0 
0 . 4 6 0 6 
0 . 0 2 9 3 
1 .4633 
0 . 0 3 6 1 
1 .7975 
5 .0611 
0 . 0 3 1 8 
1 .5955 
0 .0247 

Comments 

Heat Suppl i ed from S e c t i o n 1 1 . See S e c t i o n I I Heat Exchanger T a b l e s f o r Matchup 



TABLE D-10 
Section I I I 

Detai led Heat Matchup 
(Continued) 

O 
I 

36 
37 
38 
39 
40 
41 
42 
43 
44 
45 
46 
47 
48 
49 
50 
51 
52 
53 
54 
55 
56 
57 
58 
59 
60 
61 
62 
63 
64 
65 
66 
67 
68 

Heat 
Exch. 
No. 

E-308 D 
E-308 E 
E-308 F 
E-308 G 
E-308 H 
E-308 I 
E-308 J 
E-308 K 
E-308 L 
E-308 M 
E-308 N 
E-308 0 
E-308 P 
E-308 Q 
E-308 R 
E-308 S 
E-309 A 
E-309 B 
E-309 C 
E-309D 
E-309D, 
E-309D:: 
E-309E:: 
E-309E, 
E-309E, 
E-309F-' 
E-309G 
E-309G2 
E-309G:: 
E-309H, 
E-309H, 
E-309H, 
E-309I^ 

1 

Max. 
Temp. 
K 

438.85 
438.85 
419.59 
419.59 
419.59 
415.54 
415.54 
409.02 
409.02 
401.00 
401.00 
398.39 
398.09 
398.09 
397.98 
397.85 
457.50 
430.85 
426.62 
426.28 
426.28 
426.28 
418.00 
418.00 
418.00 
413.71 
407.27 
407.27 
407.27 
405.78 
405.78 
405.78 
401.00 

Min. 
Temp. 
K 

419.59 
419.59 
415.54 
415.54 
415.54 
409.02 
409.02 
401.00 
401.00 
398.39 
398.39 
398.09 
397.98 
397.98 
397.85 
393.15 
430.85 
426.62 
426.28 
418.00 
418.00 
418.00 
413.71 
413.71 
413.71 
407.27 
405.78 
405.78 
405.78 
401.00 
401.00 
401.00 
395.13 

Heat 
Exch. 
No. 

E-322A 
E-SllDj 
E-309G, 
E-322Cj 
E-SllF^ 
E-309H, 
E-322D, 
E-309I, 
E-322E, 
E-309J, 
E-322F; 
E-309K2 
E-309L^ 
E-301A, 
E-3OIB2 
E-324G3 

-
E-313A 
E-313C 
E-308A 
E-306A 
E-313E 
E-308C 
E-306C 

-
E-313H 
E-308F 
E-306F 
E-313K 
E-308I 
E-306I 
E-313M 

Max. 
Temp. 

K 

418.00 
418.00 
407.27 
407.27 
407.27 
405.78 
405.78 
401.00 
401.00 
395.13 
395.13 
393.15 
381.57 
381.57 
377.50 
380.00 

-
-

457.51 
438.85 
438.85 
438.85 
438.85 
438.85 
438.85 

-
419.59 
419.59 
419.59 
415.54 
415.54 
415.54 
409.02 

Min. 
Temp. 

K 

413.71 
413.71 
405.78 
405.78 
405.78 
401.00 
401.00 
395.13 
395.13 
393.15 
393.15 
381.57 
377.50 
377.50 
298.15 
380.00 

-
-

438.85 
419.59 
419.59 
419.59 
419.59 
419.59 
419.59 

-
415.54 
415.54 
415.54 
409.02 
409.02 
409.02 
401.00 

Heat 
Load 

kJ 

1.2296 
1.2392 
0.1190 
5.9297 
5.9755 
0.3813 
18.9857 
0.4684 
23.3216 
0.1578 
7.8580 
0.9236 
0.3246 
0.0198 
0.3859 
14.0146 
2.3053 
0.6252 
0.0081 
0.0033 
0.0318 
0.4432 
0.0026 
0.0247 
0.3441 
0.5566 
0.0009 
0.1190 
0.0092 
0.0029 
0.3813 
0.0293 
0.0035 

Comments 

Heat Supplied from Section II. See Section II Heat Exchanger Tables for Matchup. 
Heat Supplied from Section II. See Section II Heat Exchanger Tables for Matchup. 

Heat Supplied from Section II. See Section II Heat Exchanger Tables for Matchup. 



TABLE D-10 
Section III 

Detailed Heat Matchup 
(Continued) 

69 
70 
71 
72 
73 
74 
75 
76 
77 
78 
79 
80 
81 
82 
83 
84 
85 
86 
87 
88 
89 
90 
91 
92 
93 
94 
95 
96 
97 
98 
99 
100 
101 
102 
103 
104 

Heat 
Exch. 

No. 

E-309I 
E-309I^ 
E-309J, 
E-309j' 
E-309J:: 
E-309K:: 

E-309K2 
E-309K3 
E-309L 
E-309L' 

E-309L^ 
E-310A 
E-310B 
E-310C 
E-310D 
E-311A 
E-311B 
E-311C 
E-3IIC2 
E-311C 
E-311D:: 
E-3IID2 
E-311D 
E-311E 
E-311F 
E-311F' 
E-311F:: 
E-312 " 
E-313A 
E-313B 
E-313C 
E-313D 
E-313E 
E-313F 
E-313G 
E-313H 

Max. 
Temp. 

K 

401.00 
401.00 
395.13 
395.13 
395.13 
393.15 
393.15 
393.15 
381.57 
381.57 
381.57 
391.00 
389.21 
386.08 
370.30 
430.85 
426.62 
426.28 
426.28 
426.28 
418.00 
418.00 
418.00 
413.71 
407.27 
407.27 
407.27 
457.50 
457.51 
457.51 
438.85 
438.85 
438.85 
438.85 
438.85 
419.59 

Min. 
Temp. 

K 

395.13 
395.13 
393.15 
393.15 
393.15 
381.57 
381.57 
381.57 
377.50 
377.50 
377.50 
389.21 
386.08 
370.30 
368.15 
426.26 
426.28 
418.00 
418.00 
418.00 
413.71 
413.71 
413.71 
407.27 
405.78 
405.78 
405.78 
457.50 
438.85 
438.85 
419.59 
419.59 
419.59 
419.59 
419.59 
415.54 

Heat 
Exch. 

No. 

E-308K 
E-306K 
E-3130 
E-308M 
E-305A 
E-313Q 
E-3080 

E-305C 
E-313R 
E-308P 
E-305D 
E-324G 
E-324F] 

E-325B' 

E-324E:| 

E-313B 
E-313D 
E-308B 
E-306B 
E-313G 
E-308E 
E-306E 

-
E-313J 
E-308H 
E-306H 

-
E-309C 
E-311B 
E-309D 
E-311B 
E-309E' 

E-322A; 

E-311DI 

E-309G 

Max. 
Temp. 

K 

409.02 
409.02 
401.0(1 

401.00 
401.00 
398.39 
398.39 
398.39 
398.09 
398.09 
398.09 
380.00 
380.00 
363.15 
363.07 

-
457.51 
438.85 
438.85 
438.85 
438.85 
438.85 
438.85 

-
419.59 
419.59 
419.59 

-
426.62 
426.62 
426.28 
426.28 
418.00 
418.00 
418.00 

407.27 

Min. 
Temp. 

K 

401.00 
401.00 
398.39 
398.39 
398.39 
398.09 
398.09 
398.09 
397.98 
397.98 
397.98 
380.00 
363.07 
363.15 
338.00 

-
438.85 
419.59 
419.59 
419.59 
419.59 
419.59 
419.59 

-
415.54 
415.54 
415.54 

-
426.28 
426.28 
418.00 
418.00 
413.71 
413.71 
413.71 

405.78 

Heat 
Load 

kJ 

0.4684 
0.0361 
0.0012 

0.1578 
0.0121 
0.0069 
0.9236 
0.0712 
0.0024 
0.3246 
0.0251 
1.4455 
2.5275 
12.7565 
1.7498 

31.3748 
0.4089 
0.1666 
1.5955 

22.2371 
0.1294 
1.2392 

17.2699 
27.9286 
0.0448 
5.9755 
0.4606 
2.3750 
0.0081 
0.4089 
0.0033 
0.1666 
0.0026 
0.1284 
0.1294 

0.0009 

Comments 

Heat Supplied from Section II. See Section II Heat Exchanger Tables for Matchup. 

Heat Supplied from Section II. See Section II Heat Exchanger Tables for Matchup. 

Heat Supplied from Section II. See Section 11 Heat Exchanger Tables for Matchup. 



TABLE D-10 

Section III 
Detailed Heat Matchup 

(Continued) 

a 
I 

105 
106 
107 
108 
109 
110 
111 
112 
113 
114 
115 
116 
117 
118 
119 
120 
121 
122 
123 
124 
125 
126 
127 
128 
129 
130 
131 
132 
133 
134 
135 
136 
137 
138 

Heat 
Exch. 
No. 

E-313I 
E-313J 
E-313K 
E-313L 
E-313M 
E-313N 
E-3130 
E-313P 
E-313Q 
E-313R 
E-313S 
E-313T 
E-313U 
E-314A 
E-314B 
E-314C 
E-315A 
E-315B 
E-315C 
E-316A 
E-316B 
E-317A 
E-317B 
E-320B 
E-322A 
E-322A, 
E-322A^ 
E-322B 
E-322C 
E-322c' 
E-322C^ 
E-322D, 
E-322D' 

E-322D 

Max. 
Temp. 

K 

419.59 
419.59 
415.54 
415.54 
409.02 
409.02 
401.00 
401.00 
398.39 
398.09 
398.09 
397.98 
397.85 
368.23 
335.00 
313.00 
373.23 
335.00 
313.00 
373.23 
312.4 
373.23 
312.4 
465.01 
418.00 
418.00 
418.00 
413.71 
407.27 
407.27 
407.27 
405.78 
405.78 
405.78 

Min. 
Temp. 

K 

415.54 
415.54 
409.02 
409.02 
401.00 
401.00 
398.39 
398.39 
398.09 
397.98 
397.98 
397.85 
389.80 
335.00 
313.00 
300 
335.00 
313.00 
300.00 
312.4 
300.00 
312.4 
300.00 
461.38 
413.71 
413.71 
413.71 
407.27 
405.78 
405.78 
405.78 
401.00 
401.00 
401.00 

Heat 
Exch. 
No. 

E-322C 
E-311F 
E-309H 
E-322D 
E-309I 
E-322E 
E-309J 
E-322F] 

E-309K1 

E-309L 
E-301A 
E-301B 
E-324G^ 
E-324D, 
E-324C' 
C.W. 
E-324D 
E-324C, 
C.W. " 
E-325A 
C.W. 
E-325A2 
C.W. 

-
E-313F 
E-308D 
E-306D 

-
E-313I 
E-308G 
E-306G 
E-313L 
E-308J 
E-306J 

Max. 
Temp. 
K 

407.27 
407.27 
405.78 
405.78 
401.00 
401.00 
395.13 
395.13 
393.15 
381.57 
381.57 
377.50 
380.00 
338.00 
325.82 

-
338.00 
325.82 

-
363.15 

-
363.15 

-
-

438.85 
438.85 
438.85 

-
419.59 
419.59 
419.59 
415.54 
415.54 
415.54 

Min. 
Temp. 
K 

405.78 
405.78 
401.00 
401.00 
395.13 
395.13 
393.15 
393.15 
381.57 
377.50 
377.50 
298.15 
38o.no 
325.82 
300.00 

-
325.82 
300 

-
300.00 

-
300.00 

-
-

419.59 
419.59 
419.59 

-
415.54 
415.54 
415.54 
409.02 
409.02 
409.02 

Heat 
Load 
kJ 

0.0444 
0.0448 
0.0029 
0.1423 
0.0035 
0.1747 
0.0012 
0.0589 
0.0069 
0.0024 
0.0001 
0.0029 
0.1798 
1.9975 
1.3224 
0.7826 
2.1913 
1.2610 
0.7452 
3.4865 
0.7110 
3.4865 

37.7070 
38.5672 
0.1284 
1.2296 

17.1376 
27.7148 
0.0444 
5.9297 
0.4570 
0.1423 
18.9857 
1.4633 

Comments 

Heat Supplied from Section II. See Section II Heat Exchanger Tables for Matchup. 

Heat Supplied from Section II. See Section II Heat Exchanger Tables for Matchup. 

http://38o.no


TABLE D-10 

Section III 
Detailed Heat Matchup 

(Continued) 

139 
140 
141 
142 
143 
144 
145 
146 
147 
148 
149 
150 
151 
152 
153 
154 
155 
156 
157 
158 
159 
160 
161 
162 
163 
164 
165 
166 
167 
168 
169 
170 
171 
172 

173 
174 

Heat 
Exch. 
No. 

E-322E, 
E-322E2 
E-322E, 
E-322F^ 
E-322F, 
E-322F3 

E-324A 
E-324B 
E-324C1 
E-324C2 
E-324C3 
E-324D1 
E-324D2 
E-324E1 
E-324E2 
E-324Fi 
B-324F2 
E-324G1 
E-324G2 
E-324G3 
E-324G4 
E-324G5 
E-324G6 
E-325A1 
E-325A2 
E-325B1 
E-325B2 
E-325B3 
E-406C 
E-407C 
E-409A 
E-409B 
E-411A 
'E-411B 
E-414 
E-326 

Max. 
Temp. 
K 

401.00 
401.00 
401.00 
395.13 
395.13 
395.13 
373.00 
380.00 
325.82 
325.82 
325.82 
338.00 
338.00 
363.07 
363.07 
380.00 
380.00 
380.00 
380.00 
380.00 
380.00 
380.00 
380.00 
363.15 
363.15 
363.15 
363.15 
363.15 
393.9 
403.00 
335.70 
313.00 
383.00 
315.00 

-
300.00 

Min. 
Temp. 
K 

395.13 
395.13 
395.13 
393.15 
393.15 
393.15 
300.00 
373.00 
300.00 
300.00 
300.00 
325.82 
325.82 
338.00 
338.00 
363.07 
363.07 
380.00 
380.00 
380.00 
380.00 
380.00 
380.00 
300.00 
300.00 
363.15 
363.15 
363.15 
393.00 
393.00 
313.00 
300.00 
315.00 
300.00 

-
300.00 

Heat 
Exch. 
No. 

E-313N 
E-308L 
E-306L 
E-313P 
E-308N 
E-305B 
E-411A 
E-305G 
E-409A 
E314B 
E-315B 
E314A 
E-315A 
E-310D 
E-303C2 
E-310B 
E-305H 
E-310A 
E-407A 
E-308S 
E-304 
E-406C 
E-313U 
E-316A 
E-317A 
E-303A 
E-303C1 
E-310C 
E-324G5 
E-324G2 
E-324C1 
C.W. 
E-324A 
C.W. 
E-303B 
C.W. 

Max. 
Temp. 

K 

409.02 
409.02 
409.02 
401.00 
401.00 
401.00 
383.00 
397.85 
335.70 
335.00 
335.00 
368.23 
373.33 
370.30 
371.15 
389.21 
397.85 
391.00 
403.00 
397 85 
393.15 
393.90 
397 85 
373.23 
373.23 
377.60 
373.23 
386.08 
380.00 
380.00 
325.82 

373.00 

376.94 

Min. 
Temp. 

K 

401.00 
401.00 
401.00 
398.39 
398.39 
398.39 

315.60 
387.00 
313.00 
313.00 
',13.00 
335.00 
335.00 
368.15 
368.15 
386.08 
387.00 
389.21 
393.00 
393.15 
393.15 
393.00 
389.80 
312.40 
312.40 
376.94 
371.15 
370.30 
380.00 
380.00 
300.00 

300.00 

373.23 

Heat 
Load 
kJ 

0.1747 
23.3216 
1.7975 
0.0589 
7.8580 
0.60S6 
2.2577 
0.2165 
6.2920 
1.3224 
1.2610 
1.9975 
2.1913 
1.7498 
6.8661 
2.5275 
3.2935 
1.4455 
0.8120 
14.0146 
41.2642 
2.3840 
0.1798 
3.4865 
3.4865 
1.5112 
4.7605 
12.7565 
2.3840 
0.8120 
6.2920 
2.7720 
2.2577 
0.4003 
8.4480 

97.7397 

Comments 



TABLE D-11 

SECTION III 
Power Machinery 

Basis: 0.993 g-moles H2 Product 

Power 
Equipment 
Number 

P-301 

P-302 

P-303 

P-304 

P-305 

P-306 

P-307 

P-308 

TC-301 

TC-302 

TC-303 

TC-304 

TC-305 

TC-306 

TE-301 

TE-302 

TE-303 

TE-304 

TE-305 

TE-306 

TE-307 

TE-308 

Work Load 
k J 

0.0001 

0.0093 

0.5464 

0.0014 

0.0021 

0.0844 

0.3633 
O.07I8 

12.5925 

39.4051 

35.8200 

31.3214 

5.0616 

1.6831 

-0.5630 

-1.4768 

-0.5435 

-0.2746 

-I.I723 

-0.0945 

-0.0074 

-18.7719 

Input 

Stream 
Number 

304 

309 
332 

319 

315 

346 

388 

389 

330 

352 

359 

369 
321 

383 

355 

363 
366 

375 

t 379 

t 385 

310 

322 

327 

391 

Pressure 
k PaX|0-2 

1.013 

1.850 

8.268 

1.013 

1.013 

1.013 

1.13 
1.13 

1.013 

1.013 

1.013 

1.013 

. 1.013 

1.850 

10.252 

14.348 

19.666 

52.519 

6.786 

3.396 

1.850 

2.026 

9.480 

6.390 

Output 

Stream 
Number 

305 

311 

333 

320 

337 

338 

392 
390 

331 

354 

361 

370 

377 

384 

356 

364 

339 

376 

347 

371 

343 

386 

Pressure 
k PaxlO-2 

2.026 

2.026 

50.663 

1.850 

1.850 

1.850 

10.00 
7.00 

8.268 

10.252 

14.348 

19.666 

52.519 

3.396 

6.786 

6.786 

6.786 

6.786 

1.850 

1.013 

1.850 

1.13 



TABLE D-11 

Basis: 0.993 g mole H2 product 
T - "Trace" 

SECTION IV 
HI DECOMPOSITION 
Material Balance 

(a) Pressure Is 50.663 x 10^ Pa. 
W These are mean temperatures. 

Stream 
Number 

401 
402 
403 
404 
405 
406 
407 
408 
409 
410 
4)1 
412 
413 
414 
415 
416 
417 
418 
419 
420 
421 
422 
423 
424 
425 
426 
427 
428 
429 
430 
431 
432 
433 
434 
435 
436 

Component Molar Flow 

HI 

2.0672 
3.1776 
3.1776 
3.9914 
2.0054 
0.8138 
0.8138 
1.9531 
1.9531 
1.9531 
1.9531 
1.1393 
0.8138 

T 
T 
1.1916 
1.1916 
1.1916 
1.1916 
1.1104 
1.1104 
0.0812 
0.0812 
0.0812 
0 
0.08)2 

0 
0 
0 
0 
0.0812 
0 
0 
0 
0 
0 

'2 

0.0010 
0.0045 
0.0045 
0.0051 
O.998I 
0.9946 
0.9946 
0.0014 
0.0014 
0.0014 
0.0014 
0.0008 
0.0006 
0.9940 
0.9940 

0.0035 
0.0035 
0.0035 
0.0035 
0.0035 
0.0035 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
" 
— 
" 

"2° 
0.0020 
0.0021 
0.0021 
0.0021 
0.0021 
0.0020 
0.0020 
0 
0 
0 
0 
0 
0 
0.0020 
0.0020 
0.000) 
0.000) 
0.000) 
0.0001 
0.0001 
0.0001 
0 
0 
0 
0.0008 
0.0812 
0 
0.0008 
0.0812 
0.08)2 
0.08)2 
— 
— 
~ 

1 — — 

Ratios 

Ĥ S 

0.0012 
0.0012 
0.0012 
0.0012 
0.0012 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0 
0.0012 
0.0012 
0.00)2 
0.00)2 
0 
0 
0.00)2 
0.00)2 
0.00)2 
0.00)2 
0 
0.00)2 
0 
0 
0 
0 
— 

— 
— 
— 

" 

"? 

0 
0.0252 
0.0252 
0.028) 
).02)) 
0.0029 
0.0029 
0.0069 
0.0069 
0.0069 
0.0069 
0.0040 
0.0029 
0 
0 
).0)82 
).0)82 
).0)82 
).0)82 
0.0252 
0.0252 
0.9930 
0.9930 
0.9930 
0.9930 
0 
0 
0.9930 
0 
0 
0 
— 

— 
— 

— 
— 

Total F) 

Mo)e 

2.0714 
3.2)06 
3.2106 

4.0279 
4.0279 
1.8133 
1.8)33 
).96)4 
).96)4 
).96)4 
).96)4 
).)44) 
0.8)73 
0.9960 
0.9960 

2.0527 
2.0527 
2.0527 
2.0527 
).)392 
).1392 
1.0754 
1.0754 
1.0754 
0.9950 
0.1624 
0.0012 
0.9938 
0.0812 
0.0812 
0.1624 
— 
— 
~ 
— 
— 

3W Ratios 

Weight 

132.24 
203.65 
203.65 

255.73 
255.73 
178.11 
178.11 
124.97 
124.97 
124.97 
124.97 
72.895 
52.075 
126.04 
126.04 
77.621 
77.621 
77.621 
77.621 
71.413 
71.413 
6.2081 
6.2081 

6.2081 
1.0276 

5.9189 
0.0205 
1.0070 
0.7308 
0.7308 
5.9189 

— 

— 
— 

— 
— 

^hase 

1 
I 
t 
I 
I 
I 
I 
9 
t 
I 
I 
I 
I 
I 
I 
9 

g&l 
gtt 
g&l 
1 
t 
g 
9 
g&t 
9 
t 
9 
9 
1 
I 
1 
I 

g&l 
gSt 
g&t 
g&l 

Pressure 
Pa X 10^ 

(a) 
(a) 
(a) 
(a) 
(a) 
(a) 
(a) 
(a) 
(a) 
(a) 

51.663 
(a) 
(a) 
(a) 
(a) 
(a) 
(a) 
(a) 
(a) 
(a) 
(a) 

• (a) 
(a) 
(a) 
(a) 
(a) 
(a) 
(a) 
(a) 

1.01325 
1.01325 
--

— 
— 
— 

1 

Temp. 
1 'K 

300.41 
342.2 
393 
393 
393 
393 
420 
403 
393 
393 
393 
393 
393 
713 
393 
393 
335.7 
303 
273 
273 
383 
273 
383 
303 
303 
303 
400 
303 
298.15 
298.15 

275.74 ^ 
275.74W 

263.74(b) 

361.151'') 

Comments 

Brine loop output from chiller. 
Brine loop input to chiller. 

(50 atm) 



Basis: 0.993 g mole H Product 

TABLE D-13 

SECTION IV 
HI DECOMPOSITION 

HEAT AND POWER LOADS 

a 
I 

Heat Exch. 
Number 

E-401 

E-402 

E-403 

E-404 

E-405 

E-406 

E-407 

E-408 

E-409 

E-410 

E-411 

E-412 

E-413 

E-414 

E-415 

Energy 
Load kJ 

16.151 

8.075 

4.619 

4.786 

43.079 

26.610 

25.960 

13.103 

9.064 

6.758 

2.658 

6.758 

15.206 

8.448 

2.979 

Hot 
Stream 
Number 

(a) 

(a) 

(a) 

(a) 

(a) 

408 

414 

416 

417 

418 

423 

433 

435 

— 

— 

Side In 

Temp.'K 

(a) 

(a) 

(a) 

(a) 

(a) 

403 

713 

393 

335.7 

303 

383 

-275.74 

-303 

377 

303 

Hot 
Stream 
Number 

(a) 

(a) 

(a) 

(a) 

(a) 

409 

415 

417 
418 

419 

424 

432 

435 

--

— 

Side Out 

Temp. 'K 

(a) 

(a) 

(a) 

(a) 

(a) 

393 

393 

335.7 

303 

273 

303 

-275.74 

-303 

373 

303 

Cold 
Stream 
Number 

402 

— 

406 

— 

— 

(a) 

(a) 

420 & 422 

432 

, ; > ) 

— 
436<''> 

— 

Side In 

Temp. *K 

342.2 

393 

393 

713 

403 

(a) 

(a) 

273 £ 273 

-275.74 

-263.74 

C.W. 

361.5 

C.W. 

Cold 
Stream 
Number 

403 

— 

407 

— 

— 

(a) 

(a) 

421 & 423 

433 

4;>) 

— 

436('') 

— 

Side Out 

Temp. 'K 

393 

393 

420 

713 

713 

(a) 

(a) 

383 £ 383 

-275.74 

-263.74 

C.W. 

361.5 

C.W. 

Comments 

Cold side is in power cycle 
in Section III 

Cold side temperature is 
a log mean average for 
heat transfer. 
Cold side is in power cycle 

Section 111 
Temperatures are log 
mean average. 

Heat source is Sec. ill. 

(a) See Table 3 for heat match up. 

(b) Flow direction, amount and composition are not defined. 



TABLE D-14 

Power Device 
Number 

P-401 

P-402 

Energy 
Load 

Negligible 

0.008 

Input Stream 
Number 

410 

430 

SECTION IV 
HI DECOMPOSITION 

HEAT AND POWER LOADS 

Input 
Pressure Pa x 10^ 

50.663 

1.01325 

Output Stream 
Number 

411 

429 

Output 
Pressure Pa x lOS 

51.663 

50.663 

Comments 

I 

oo Special 
Equipment 
Number 

A-40) 

Heat Effect 
kJ 

0.0004 in 

Power Demand 
kJ 

0 

Comment 

isothermal at 393*F 



TABLE D-15 

SECTION IV 
HI DECOMPOSITION 

HEAT RECUPERATION MATCH'UP 

Basis: 0.993 g mole H Product 

Hot Side 

Heat Exch. 
Number 

Sec. V 

Sec. V 

Sec. V 

E-407A 

E-407B 

E-406A 

E-406B 

E-406C 

E-407C 

Input Temp. 

-

• 

-

713 

459.95 

403 

400 

393.9 

403 

Output Temp. 

-

~ 

-

459.95 

403 

400 

393.9 

393 

393 

Cold Side 

Heat Exch. 
Number 

E-404 

E-405A 

E-405B 

E-405C 

E-403 

E-402 

E-401 

-

Input Temp. 
•K 

713 

705 

403 

403 

393 

393 

342.2 

-

Output Temp. 

713 

713 

705 

705 

420 

393 

393 

-

Heat Load 
kJ 

4.786 

1.112 

21.438 

20.529 

4.619 

8.075 

16.151 

2.384 

0.812 

Comments 

Total 27.336 kjoul 
should be appiled 
from Sec. V 

1Co1d side is in power 
•power cycle in Sec. II 



TABLE D-16 

SECTION V 

Power Generation and Helium Heat Transfer 
Material Balance 

Basis: 0.993 g-mol H2 Product 

Stream 
Number 

500 

501 
502 
503 
50it 
505 
506 
507 
508 
509 
510 
511 
512 
513 

51* 
515 
516 
517 
518 
519 
520 
521 
522 
523 

Molar Flow Ratio 

Helium 

~ 

60.71023 
21. n't 70 
23.51088 
16.081(65 
16.081)65 
23.51088 
2I.11'»70 
60.71023 
16.08465 
16.081(65 
16.081(65 
16.08465 

23.51088 
23.51088 
7.1(2623 
7.1(2623 
7.1(2623 
7.42623 
7.42622 
7.42622 
7.42622 

H2O 

• 

-
-
-
-
-
-
-
-
-
-
-
-

-
-
-
-
-
-
-
-
-

Mass Flok 
Ratio 

-

121.3969 
42.2212 
47.0126 
32.1631 
32.1631 
47.0126 
42.2212 
121.3969 
32.1631 
32.1631 
32.1631 
32.1631 

47.0126 
47.0126 
14.8496 
14.8496 
14.8496 
14.8496 
14.8496 
14.8496 
14.8496 

Temp. 
K 

686.00 

1255.40 
1226.86 
934.29 
1214.56 
742.27 
536.51 
751.56 
773.20 
1159.00 
728.00 
696.00 
686.71 
368.15 

878.73 
728.00 
696.00 
480.95 
606.79 
480.95 
696.00 
606.79 
544.30 
368.15 

Pressure 
Pa X 105 

-

49.041 
46.000 
21.245 
44.726 
44.726 
21.245 
46.000 
49.041 
51.676 
51.676 
51.676 
51.675 

51.675 
30.445 
30.445 
30.445 
51.675 
51.675 
30.445 
30.445 
30.445 

Phase 

-

g 
9 
g 
9 
9 
9 
g 
9 
9 
9 
9 
9 

9 
9 
g 
9 
9 
g 
9 
9 
9 

Comments 

Intermediate temperature process 
heat lowest temperature stream 
Input; see detailed matchup table 
of Section V. 

Waste heat from Section III 
Input; see detailed matchup 
table of Section V. 

Waste heat from Section III input; 
see detailed matchup table of 
Section V. 



TABLE D - 1 6 

SECTION V 
Power Generation and Helium Heat Transfer 

Material Balance 
(Continued) 

Stream 
Number 

524 
525 
526 
527 

528 
529 
530 
531 
532 
533 
534 
535 
536 
537 
538 
539 
540 
541 
542 
543 
544 
545 
546 
547 
548 
549 
550 
551 
552 
553 

Molar Flow Ratio 

Helium 

7.42622 
7.42622 
7.42622 

• 

8.65483 
8.65483 
8.04233 
8.04233 
8.04233 
0.61610 
0.61610 
0.61610 
23.51088 
0.61610 
8.04232 
8.04233 
23.51088 
21.11470 
21.11470 
21.11470 
21.11470 
21.11470 
21.11470 

-
-
-
. 
-
-

H2O 

_ 
-
-

" 

-
-
-
-
-
-
-
-
-
-
-
-
-
-
-
-
-
-
-

7.05705 
7.05705 
7.05705 
7.05705 
1.01643 
1.01643 
1.01643 

Mass Flow 
Ratio 

14.8496 
14.8496 
14.8496 

' 

29.6992 
29.6992 
16.0815 
16.0815 
16.0815 
1.2320 
1.2320 
1.2320 

47.0726 
1.2328 

16.0815 
16.0815 
47.0126 
42.2212 
42.2212 
42.2212 
42.2212 
42.2212 
42.2212 
63.5099 
63.5099 
63.5099 
63.5099 
2.0325 
2.0325 
2.0325 

1 

Temp. 
K 

686.71 
616.73 
480.95 
311.00 

696.00 
686.71 
686.71 
480.95 
616.73 
686.71 
616.73 
375.07 
696.00 
480.95 
480.95 
480.95 
480.95 
1171.30 
755.00 
728.00 
696.00 
728.00 
696.00 
1159.30 
976.94 
696.00 
728.00 
696.00 
300.00 
300.00 

Pressure 
Pa X 10= 

51.675 
51.675 
51.675 

• 

30.455 
29.328 
29.328 
29.328 
51.675 
29.328 
29.328 
29.328 
30.445 
51.675 
51.675 
51.675 
51.675 
51.675 
51.675 
46.691 
46.691 
51.675 
51.675 
379.210 
156.945 
156.945 
189.510 
189.510 
0.035 
0.035 

Phase 

9 
9 
9 

9 
9 
g 
9 
g 
g 
9 
9 
9 
9 
g 
g 
9 
9 
9 
g 
g 
g 
g 
9 
g 
g 
g 
g 
g+l 
1 

Conments 

Waste heat from Section III output; 
see detailed matchup table of Sec. V. 

0.28664 H2OM 



TABLE D-16 

SECTION V 
Power Generation and Helium Heat Transfer 

Material Balance 
(Continued) 

Stream 
Number 

554 
555 
556 
557 
558 
559 
560 
561 
562 
563 
564 
565 
566 
567 
568 
569 
570 
571 
572 
573 
574 
575 
576 
577 
578 
579 

580 
581 
582 
583 

Molar Flow Ratio 

Helium 

. 
_ 
-
-
-
-
-
-
-
-

14.85245 
-
-
-
-
-
-

15.46855 
-
-
-
-
-
-
-
-

-
-
-

H2O 

1.01643 
1.01643 
7.05705 
6.04062 
7.05705 
7.05705 
0.79590 
0.07007 
0.07007 
0.07007 

-
0.07007 
0.07007 
0.72583 
0.17772 
0.17772 
0.17772 

-
0.17772 
0.17772 
0.24779 
0.54811 
0.27343 
0.27343 
0.27343 

-

0.27343 
0.27343 
0.52122 
0.27468 

Mass Flow 
Ratio 

2.0325 
2.0325 

63.5099 
12.0789 
63.5099 
63.5099 
7.1627 
0.6306 
0.6306 
0.6306 
29.6992 
O.63O6 
0.6306 
6.5321 
1.5994 
1.5994 
1.5994 

30.9311 
1.5994 
1.5994 
2.2300 
4.9327 
2.4607 
2.4607 
2.4607 

~ 

2.4607 
2.4607 
4.6907 
2.4720 

Temp. 
K 

300.85 
391.00 
696.00 
696.00 
644.02 
743.00 
300.00 
300.00 
300.10 
368.00 
696.00 
524.82 
300.00 
300.00 
300.00 
300.15 
368.00 
480.95 
552.59 
300.00 
300.00 
300.00 
300.00 
300.26 
368.00 
383.00 

580.73 
300.00 
300.00 
300.00 

Pressure 
Pa X 10^ 

189.510 
189.510 
189.510 
189.510 
189.510 
379.210 
0.035 
0.035 

24.978 
24.978 
30.455 
24.978 
0.035 
0.035 
0.035 
40.906 
24.978 
51.675 
40.906 
0.035 
0.035 
0.035 
0.035 

63.652 
63.652 
~ 

63.652 
0.035 
0.035 
0.035 

Phase 

I 
I 
9 
9 
9 
9 
I 
£ 
t 
t 
9 
9 
g+l 
t 
I 
I 
t 
9 
9 
9+1 
g+f 

I 
I 
I 
t 
~ 

g 
g+t 
g+t 

I 

Comments 

0.01536 HjOd) 

0.04242 H20(f) 
0.05778 H20(l) 

Waste heat from Section IV input; 
detailed matchup table of Section 

0.07053 H20{t) 
0.12831 H20(£) 

see 
V. 



TABLE D-16 

SECTION V 
Power Generation and Helium Heat Transfer 

Material Balance 
(Continued) 

Stream 
Number 

5002 

5003 

5004 

5005 

5006 

5007 

5008 

Molar Flow Ratio 

Helium 

-

H2O 

-

Mass Flow 
Ratio 

-

Temp. 
K 

403 

311.00 

410.00 

378.00 

368.00 

394.90 

393.00 

Pressure 
Pa X 10^ 

-

Phase 

-

Comments 

Low temperature process heat lowest 
temperature input; see detailed 
matchup table of Section V. 

Waste heat recovery from Sec. II e III 

Waste heat recovery from Sec. II & III 

Waste heat from Section 

Waste heat from Section 

Waste heat from Section 

Waste heat from Section 



TABLE D-16 
SECTION V 

Power Generation and Helium Heat Transfer 
Material Balance 

(Continued) 

Stream 
Number 

584 
585 
586 

587 
588 
589 
590 
591 
592 
593 
594 
595 

596 

597 
598 

599 

5000 

5001 

Molar Flow Ratio 

Helium 

-
-

-
-
-
-
-
-
-
-

" 

-
-

-

H2O 

0.27468 
0.27468 

0.27468 
0.27468 
0.79590 
0.25096 
0.25096 
0.25096 
0.25096 
0.25096 

' 

-
-

-

Mass Flow 
Ratio 

2.4720 
2.4720 

2.4720 
2.4720 
7.1627 
2.2585 
2.2585 
2.2585 
2.2585 
2.2585 

" 

-
-

-

Temp. 
K 

300.28 
360.00 
358.00 

608.15 
300.00 
300.00 
350.00 
300.00 
300.00 
300.00 
350.00 
713 

1144 

311.00 
410.00 

713 

358.00 

686 

Pressure 
Pa X I05 

94.989 
94.989 

94.989 
0.035 
0.035 
0.411 
0.035 
0.035 
0.411 
0.411 

• 

-
-

-

Phase 

t 
t 

9 
g+l 
g+d 
g 
g+t 
1 
1 
t 

' 

-
-

-

Comments 

Waste heat from Section IV output; 
see detailed matchup table of 
Section V. 

0.07630 H20(g) 
0.20461 H20(t) 

0.02311 H20(t) 

High temperature process heat lowest 
temperature input; see detailed 
matchup table of Section V. 

High temperature process heat 
highest temperature output; see 
detailed matchup table of Sec. V. 

Waste heat recovery from Sec. 11 £ 111. 1 
Waste heat recovery from Sec. II & III. 

Intermediate temperature process 
heat highest temperature output; 
see detailed matchup table of 1 
Section V. 

Waste heat from Section III output; 
see detailed table of Section V. 

Low temperature process heat 
highest temperature output; see 
detailed matchup table of Sec. V. 
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TABLE D-17 
SECTION V 

Power Generation and Helium Heat Transfer 
Energy Transfer, Overall Table 

Basis: 0 

Heat 
Exchanger 

No. 

E-500 
E-501 
E-502 
E-503 

E-504 
E-505 

E-506 
E-507 
E-508 

E-509 

E-510 

E-5II 

E-512 

E-513 
E-514 

.993 g-mol H2 

Heat Load, 
kJ 

157.896 
194.385 
208.595 
144.092 

182.701 
6.844 

32.052 
25.948 
169.612 

138.281 

33.697 

5.962 

10.464 

9.999 
0.994 

Product 

Warm Side 

Inlet 
Stream 
No. 

504 
503 
502 
509 

541 
598 

552 
589 

5003 

-

591 
523 

Inlet Stream 
Temp., K 

1214.56 
934.29 
1226.86 
1159.00 

1171.30 
410.00 

300.00 
300.00 
728.00 

696.00 
to 

606.79 
696.00 

410.00 

410 to 
378 
300.00 
311.00 

Outlet 
Stream 
No. 

505 
506 
507 
510 

542 
597 

553 
560 

5004 

-

592 
527 

Outlet Stream 
Temp., K 

742.27 
536.51 
751.56 
728.00 

755.00 
311.00 

300.00 
300.00 
696.00 

480.95 

686.71 
to 

480.95 
311.00 

394.9 to 
368.00 
300.00 
350.00 

Cool Side 

Inlet 
Stream 
No. 

512 
540 
546 

559 
554 

cw 
cw 

594 

cw 
593 

Inlet Stream 
Temp., K 

686.71 
480.95 
696.00 
713.00 

743.00 
368.15 

-. 
-

686.00 

403.00 

686.71 
to 

606.79 
-300.00 

-
300.00 

Outlet 
Stream 
No. 

509 
514 
541 

547 
555 

-
-

590 

-
594 

Outlet Stream 
Temp., K 

1159.00 
878.73 
1171.30 
1144.00 

1159.30 
311.00 

-
-

713.00 

686.00 

616.73 
to 

480.95 
368.00 

-
350.00 

Comments 

High temperature process heat 
loads; see detailed matchup 
table of Section V. 

Waste heat from Sec II and HI 
see detailed matchup table 
for sleet ion V. 

Intermediate temperature proces 
heat loads; see heat exchangee 
matchup summary table. 
Low temperature process head 
heat loads, see heat exchanger 
matchup summary table. 

See heat exchanger matchup 
summary table. 
See heat exchangers matchup 
table for warm side and see 
detailed matchup table for 
cool side. 

Waste heat from Section III, 
see detailed matchup table 
for Section V. 



TABLE D-17 
SECTION V 

Power Generation and Helium Heat Transfer 
Energy Transfer, Overall Table 

(Continued) 

Power 
Equipment 

No. 

P-500 
P-501 
P-502 
P-503 
P-504 
P-505 

TC-500 

TC-501 
TC-502 
TC-503 
TC-504 
TC-505 
TC-506 
TC-507 

TE-500 

TE-501 
TE-502 
TE-503 
TE-504 
TE-505 
TE-506 
TE-507 
TE-508 
TE-509 
TE-510 

Work Load 
kJ 

0.385 
0.052 
0.035 
0.015 
0.004 

negligible 

135.503 

6.830 
16.938 
14.044 
22.696 
19.423 
21.982 
1.356 

183.100 

73.660 
11.850 
45.964 
20.494 
1.094 
2.965 
4.788 
4.970 
1.672 
1.313 

Inlet 
Stream 
No. 

553 
583 
576 
568 
561 
592 

* 

549 
558 
544 
531 
517 
522 
535 

501 

514 
542 
547 
551 
565 
572 
580 
587 
528 
590 

Inlet Stream 
Pressure 
Pa X 105 

0.035 
0.035 
0.035 
0.035 
0.035 
0.035 

* 

156.945 
189.510 
46.619 
29.328 
30.445 
30.445 
29.328 

49.041 

51.675 
51.679 
379.210 
189.510 
24.978 
40.906 
63.652 
94.989 
30.455 
0.621 

Outlet 
Stream 
No. 

554 
584 
577 
569 
562 
593 

508 

550 
559 
545 
532 
518 
524. 
537 

+ 

515 
543 
548 
552 
566 
573 
581 
588 
529 
591 

Outlet Stream 
Pressure 
Pa X 105 

189.510 
94.989 
63.652 
40.906 
24.978 
0.6212 

49.041 

189.510 
379.210 
51.675 
51.675 
51.675 
51.675 
51.675 

+ 

30.445 
46.691 
156.945 
0.035 
0.035 
0.035 
0.035 
0.035 
29.328 
0.035 

Comments 

•Streams 505 (44.726xl05pa), 
506(21.245xlO^Pa) and 507(46.OOOxlO^Pa) 

•streams 502(46.000xlo5pa), 
503(21.245xl05pa) and 504(44.726xl05pa) 

1 

• 1 



TABLE D-18 
SECTION V 

Power Generation and Heat Transfer 
Heat Exchangers Matchup Summary Table 

Basis: 0.993 g-mole H2 Product 

Q 
1 
^ 
"̂  

E-508 A 
B 
C 
D 
E 
F 
G 

E-509 A 
B 
C 
D 
E 
F 
G 
H 
1 

E-510 A 
B 
C 
D 
E 
F 
G 

E-511 A 
B 
C 
.0 
E 

Heat Load, 
kJ 

10.698 
15.638 
14.044 
99.574 
15.614 
14.044 

169.612 

3.106 
33.193 
13.770 
34.395 
0.896 
19.423 
10.802 
22.696 
138.281 

3.095 
20.957 
9.645 
11.985 
11.368 
7.395 
2.949 

0.543 
1.493 
2.289 
1.638 
5.963 

Inlet 1 
Stream 
No. 

510 1 
515 
543 
548 
550 
545 
-

511 
516 
520 
530 
533 
518 
524 
532 
-

534 
525 
521 

. 

. 
-

562 
569 
577 
584 
5003 

Warm Side 

Inlet Stream 
Temp., K 

728.00 
728.00 
728.00 
976.94 
728.00 
728.00 
-

696.00 
696.00 
696.00 
686.71 
686.71 
606.79 
686.71 
616.73 
-

616.73 
616.73 
606.97 

-
_ 
-

300.10 
300.15 
300.26 
300.28 
410.00 

Outlet 
Stream 

No. 

511 
536 
544 
549 
556 
546 
-

512 
517 
521 
531 
534 
519 
525 
539 
-

535 
526 
522 
-
-
. 
-

563 
570 
578 
585 
5004 

Outlet Stream 
Temp., K 

696.00 
696.00 
696.00 
696.00 
696.00 
696.00 
-

686.71 
480.95 
606.97 
480.95 
616.73 
480.95 
616.73 
480.95 
-

375.07 
480.95 
544.30 
-
-
-
-

410.00 
410.00 
410.00 
360.00 
311.00 

Inlet 
Stream 
No. 

-
-
-
-
-
-

500 

-
-
-
-
-
-
-
-

5002 

-
-
-

585 
578 
570 
563 

-
-
-
-

1 Inlet Stream 
Temp., K 

-
-
-
-
-
-
686 

-
-
-
-
-
-
-
-
403 

-
-
-
360.00 
410.00 
410.00 
410.00 

-
-
-
-

-. 300 

Cool Side 

r Outlet 
Stream 
No. 

-
-
-
-
-
-

599 

-
-
-
-
-
-
-
-

5001 

-
-
-

587 
580 
572 
565 

-
-
-
-

1 Outlet Stream 
Temp., K 

-
-
-
-
-
-
713 

-
-
-
-
-
-
-
-
686 

-
-
-

608.15 
580.73 
552.59 
524.82 

-
-
-

1 
360.00 

Comments 

See detailed matchup table for 
cool side heat exchangers. 

Intermediate temperature pro­
cess heat demand. 

See detailed matchup table for 
cool side heat exchangers. 

Low temperature power heat 
demand. 

See detailed matchup table for 
cool side exchangers. 

Waste heat recovery for 
second steam cycle. 



TABLE D-18 
SECTION V 

Power Generation and Heat Transfer 
Heat Exchangers Matchup Summary Table 

(Continued) 

a 
I 

00 

E-512 A 

B 
C 
D 
E 

Heat Load, 
kJ 

3.566 

4.982 
0.831 
1.085 
10.464 

Warm Side 

Inlet 
Stream 
No. 

5005 

5007 
578 
513 

Inlet Stream 
Temp., K 

378.00 

394.90 
383.00 
368.15 

Outlet 
Stream 
No. 

5006 

5008 
586 

5000 

Outlet Stream 
Temp., K 

368.00 

393.00 
358.00 
358.00 

Cool Side 

Inlet 
Stream 

No. 

-

-
-
-

594 

Inlet Stream 
Temp., K 

-

-
-
-

350.00 

Outlet 
Stream 

No. 

-

-
-
-
590 

Outlet Stream 
Temp., K 

-

-
-
-

350.00 

• 

Comments 

Higher temperature waste 
heat recovery for auxiliary 
power cycle. 

Auxiliary power cycle 
heat demand 
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TABLE D-19 
Detailed Matchup of Processing Sections 

High Temperature Heat Demand 
from Section V 

(Continued) 

Heat 
Exchanger 

No. 

E-2i3 B 
E-213 B, 
E-213 B^ 
E-213 Bf 
E-213 B^ 
E-213 B^ 

E-214 a 
E-214 b^ 

E-219 A 
E-219 B, 
E-219 B' 

E-219 B, 

E-219 Bf 
E-219 BJ 

E-221 B, 
E-221 B' 

E-221 Bj 

E-404 

E-405 A 
E-405 B, 
E-405 B' 
E-405 B, 
E-405 B^, 
E-405 Bll 

Coo 

Heat Load 
kJ 

3.106 
5.742 
10.952 
10.275 
0.776 
9.489 

7.005 
92.071 

78.356 
10.698 
15.638 
14.044 
15.614 
14.044 

45.017 
4.139 
9.831 

4.786 

1.112 

1.349 
3.691 
1.491 
0.682 
0.294 

1 Side 

Input 
Temperature, 

K 

613.00 
613.00 
613.00 
613.00 
613.00 
613.00 

1300.00 
800.00 

686.00 
686.00 
686.00 
686.00 
686.00 
686.00 

713.00 
705.00 
686.00 

713.00 

705.00 
686.00 
634.00 
613.00 
573.00 
573.00 

Output 
Temperature, 

K 

636.00 
636.00 
636.00 
636.00 
636.00 
636.00 

1144.00 
1130.00 

686.00 
686.00 
686.00 
686.00 
68fr.OO 
686.00 

800.00 
713.00 
705.00 

713.00 

713.00 
705.00 
686.00 
634.00 
613-00 
613.00 

Warm Side 

Heat 
Exchanger 

No. 

E-509A 
E-509B,, 
E-509C 
E-509D ' 
E-509E 

E-509GJ 

E-503 1 
E-503 II 

E-508 DVI 
E-508 A 
E-508 B 
E-508 C 
E-508 E 
E-508 F^ 

E-503 III 
E-508 Oil 
E-508 DIV 

E-508 Dl 

E-508 Dill 
E-508 DV 
E-509 B 1 
E-509 B II 
E-509 B^,,2 

E-509 ql'^ 

Input 
Temperature, 

K 

696.00 
662.43 
696.00 

686.71 
686.71 
686.71 

1159.00 
1138.05 

917.08 
728.00 
728.00 
728.00 
728.00 
728.00 

862.49 

963.37 
948.62 

976.54 

951.76 
920.88 
696.00 
672.08 
625.21 
625.21 

Output 
Temperature 

K 

625.21 
625.21 
625.21 
625.21 
625.21 
625.21 

1138.05 
862.49 

696.00 
696.00 
696.00 
696.00 
696.00 
696.00 

728.00 
951.76 
920.88 

963.37 

948.62 
917.08 
672.08 
662.43 
582.90 

606.97 



TABLE D-19 

Detailed Matchup of Processing Sections 
High Temperature Heat Demand 

from Section V 
(Continued) 

Cool Side 

Heat 
Exchanger 

No. 

E-405 B. 
E-405 B^^ 
E-405 all 
E-405 Bll 
E-405 8^7 
E-405 B^; 
E-405 B', 
E-405 B | ; 
E-405 Bli 
E-405 Bll 
E-405 Bll 
E-405 B " 
E-405 B " 
E-405 B " 
E-405 B', 
E-405 Bit 
E-405 B " 
E-405 B^, 
E-405 B°' 
E-405 nil 
E-405 B " 
E-405 B"; 
E-405 B^' 
E-405 B^; 
E-405 all 
E-405 B^ 
E-405 B\11 
E-405 B\f 
E-405 B ° 

Heat Load 
kJ 

0.739 
0.119 
0.137 
0.384 
0.590 
0.629 
0.680 
0.628 
0.680 
0.578 
0.625 
0.578 
0.626 
0.085 
0.092 
0.085 
0.092 
0.144 
0.156 
0.145 
0.156 
0.253 
0.274 
0.253 
0.274 
1.201 
1.299 
1.201 
1.299 

Input 
Temperature, 

K 

573.00 
573.00 
573.00 
573.00 
573.00 
530.00 
530.00 
530.00 
530.00 
502.00 
502.00 
502.00 
502.00 
499.00 
499.00 
499.00 
499.00 
488.50 
488.50 
488.50 
488.50 
473.60 
473.60 
473.60 
473-60 
403.00 
403.00 
403.00 
403.00 

Output 
Temperature, 

K 

613.00 
613.00 
613.00 
613.00 
613.00 
573-00 
573-00 
573.00 
573-00 
530-00 
530.00 
530.00 
530.00 
502.00 
502.00 
502.00 
502.00 
499.00 
499-00 
499-00 
499-00 
488-50 
488-50 
488.50 
488.50 
473.60 
473.60 
473.60 
473.60 

Warm Side 

Heat 
Exchanger 

No. 

E-509D 
E-509E^"^ 
E-5090^,2 
E-509F,''' 
E-509H , 
E-509B^^ 

E-509F2^ ' 

E-509H^ 
E-509B^ ̂  
E-509D^]221 

E-509F^^t 
E-509H^^ 
E-509B^;' , 
E-509D^'231 

E-509F"f' 
E-509H;^ 
E-509B^f^^ 
£-50902]^" 
E-509F|t 
E-509H,t 
E-509B^,25, 
E-509D^]"' 
E - 5 0 9 F 2 « I 

E-509H" 

E-509D^jf 
E-509F"'' 
E-509H2^^ 

Input 
Temperature, 

K 

625.21 
625.21 
625-21 
606.77 
616.73 
582.90 
582.90 
582.90 
582.90 
573.25 
573.25 
573.25 
573.25 
542-28 
542-28 
542.28 
542-28 
526.33 
526-33 
526-33 
526-33 
525.39 
525-39 
525.39 
525.39 
488.73 
488.73 
488.73 
488-73 

Output 
Temperature 

K 

582.90 
616.73 
616.73 
582.90 
582.90 
573.25 
573.25 
573.25 
573.25 
542.28 
542.28 
542.28 
542.28 
526.33 
526.33 
526.33 
526-33 
525-39 
525.39 
525.39 
525.39 
488-73 
488.73 
488.73 
488-73 
480.95 
480-95 
480.95 
480.95 



TABLE D-20 
Detailed Matchup of Processing Sections Waste Heat 

in Section V 

Basis: 0.993 g-mol H, Product 

Heat 
Exchanger 

No. 

E-106 
E-220 bi 
E-220 b2 
E-222 b| 
E-222 b2 
E-314 A 
E-314 B 
E-315 B, 
E-315 B2 
E-315 B, 
E-316 B, 
E-316 B' 

E-316 B3 
E-316 B^ 
E-316 B. 
E-317 BJ 
E-317 B' 
E-406 C, 
E-406 C2 
E-407 C 
E-411 A 
E-411 B 

Heat Load 
kJ 

3.566 
2.000 
0.974 
1.909 
0.162 
3.365 
0.738 
0.598 
2.677 
0.630 
0.406 
0.503 
0.944 
1.422 
0.630 
0.582 
3.324 
0.066 
0.498 
0.812 
0.831 
1.827 

Warn 

Input 
Strean 
No. 

5005 
5004(A) 
598(A) 
598(B) 
-

5004(B) 
-

5004(C) 
598(C) 
-

598(D) 
513(A) 
-
-
-

513(B) 

598(E) 
5007 
598(F) 
597 

Side 

Input 
Temperature 

K 

378.00 
410.00 
410.00 
405.00 
311.00 
368.15 
311.00 
368.15 
368.15 
311.00 
368.15 
368.15 
368.15 
368.15 
311.00 
368.15 
358.00 
394.90 
394.90 
403.00 
383.00 
358.00 

Output 
Stream 
No. 

5006 
5003(A) 
597(A) 
597(B) 
-

5003(B) 
-

5003(C) 
597(C) 
-

597(D) 
5000(A) 

-
-
-

5000(B) 
-

597(E) 
5008 
597 (F) 
586 

Output 
Temperature 

K 

368.00 
368.00 
368.00 
311.00 
300.00 
311.00 
300.00 
311.00 
311.00 
300.00 
311.00 
358.00 • 
311.00 
311.00 
300.00 
358.00 
303.00 
393.00 
393.00 
393.00 
358.00 
303.00 

Cool Side 

Heat 
Exchanger 

No. 

E-512 A 
E-511-1 
E-505-1 
E-505-II 

CW 
E-5II-II 

CW 
E-5II-III 
E-505-1II 

cw 
E-505-IV 
E-5I2D-I 
E-514 

CW 
CW 

E-5I2D-II 
CW 

E-505-V 
E-512 B 
E-505-VI 
E-512 C 

CW 

Input 
Stream 
No. 

594 
-

554 
554 
-
-
-
-
554 
-
554 
594 
593 
-
-
594 
-
554 
594 
554 
594 

Input 
Temperature 

K 

350.00 
300.00 
300.00 
300.00 

300.00 
-

300.00 
300.00 

-
300.00 
350.00 
300.00 

-
-

350-00 
-

300.00 
350.00 
300.00 
350.00 

Output 
Stream 
No. 

590 

555.00 
555-00 

-
-
-
-

555-00 

555-00 
590.00 
594 
-
-

590.00 
-

555 
590 
555 
590 

Output 
Temperature 

K 

350.00 
360.00 
391.00 
391.00 

-
360.00 

-
360.00 
391-00 

-
391 - 00 
350-00 
350.00 

-
-

350.00 
-

391.00 
350.00 
391.00 
350.00 



APPENDIX E 

COST SENSITIVITY OP THERMOCHEMICAL HYDROGEN PRODUCTION 

The c o s t of h y d r o g e n from a t h e r m o c h e m i c a l hydrogen p l a n t i s 

a s t r o n g f u n c t i o n of t h e c a p i t a l c o s t of t h e t he rmochemica l p l a n t 

and t h e c a p i t a l c o s t of t h e h e a t s o u r c e . The t o t a l c a p i t a l c o s t 

pe r g i g a w a t t (GW) of h y d r o g e n , C, i s g i v e n by 

C = A + B/ e (E-1) 

where A is the capital cost of the thermochemical plant per GW of 

hydrogen, B is the capital cost of the heat source per GW of 

thermal energy produced, and e is the thermal efficiency of the 

thermochemical plant. 

The capital cost of the thermochemical plant will be a 

strong function of its thermal efficiency. As the efficiency, e, 

approaches the maximum theoretical efficiency, n r the capital 

cost of the thermochemical plant per GW of hydrogen must approach 

infinity. Some reasons for this are given in Table E-1. Some 

would argue that the capital cost of the thermochemical plant 

must also approach infinity as the efficiency approaches theo­

retical because of the large amount of heat that is transported 

into and out of the thermochemical plant, A mathematical form 

which, in the asymptotic limits, properly relates the capital 

cost of the thermochemical plant to its thermal efficiency is: 

A = (E-2) 
£m(i_e/Ti)n 

Thus, the ratio of the total plant cost per GW of hydrogen 

to the heat source cost per GW of thermal energy may be given by: 

C ̂  K/B ^ 1 (E-3) 
B £m(i-.e/n)n = 

E-1 



TABLE E-1 

EFFECT OF APPROACHING MAXIMUM THEORETICAL EFFICIENCY 

Variable 

Heat exchanger T approaches 

zero 

Distillation separations 

approach 100%. 

Distillation separations 

approach thermodynamic 

efficiency. 

Chemical reactions approach 

equilibria. 

Result 

Heat exchanger area approaches 

infinity. 

Distillation column height 

approaches infinity. 

Distillation column height 

approaches infinity, and 

integral heat exchangers are 

required with areas approach­

ing infinity. 

Chemical reacfor size ap­

proaches infinity. 

E-2 



This equa t ion form i s proposed as a r e p r e s e n t a t i o n of how the 
r e l a t i v e cos t of an i n t e g r a t e d w a t e r - s p l i t t i n g p l a n t might vary 
as t h e primary des ign of a p a r t i c u l a r w a t e r - s p l i t t i n g p rocess i s 
r e f i n e d t o ach ieve even h igher e f f i c i e n c y . The parameter K/B i s 
a measure of the i n h e r e n t c a p i t a l cos t of the w a t e r - s p l i t t i n g 
p r o c e s s r e l a t i v e t o t h e h e a t source c o s t . 

F igure E-1 shows p l o t s of Eq. (E-3) for va r ious va lues of 
the parameters n and m us ing a t h e o r e t i c a l e f f i c i e n c y , n, of 0 , 8 , 
which i s t y p i c a l of the GA s u l f u r - i o d i n e w a t e r - s p l i t t i n g p r o c e s s . 
In each c a s e , t h e parameter K/B has been chosen so t h a t t he graph 
d e s c r i b e s t h e p o i n t r e p r e s e n t i n g t h e fusion-powered w a t e r - s p l i t ­
t i n g p l a n t , for which a complete cos t e s t ima t e i s a v a i l a b l e (Ref. 
E -1 ) . Also shown a r e t h e locus of t h e minima as K/B i s v a r i e d . 

Severa l q u a l i t a t i v e s t a t emen t s may be made concerning F ig . 
E - 1 . F i r s t , w i t h i n t h e range of parameters i n v e s t i g a t e d , the 
minimum in c a p i t a l cos t i s r e l a t i v e l y broad, so t h e r e may be 
l i t t l e ga in from e x t e n s i v e o p t i m i z a t i o n . Second, e f f i c i e n c i e s 
approaching the t h e o r e t i c a l e f f i c i e n c y can be a p p r o p r i a t e only 
when t h e thermochemical p l a n t cos t i s n e g l i g i b l e compared with 
t h a t of t h e hea t sou rce . F i n a l l y , i f t he parameter n i s g r e a t e r 
than m (which appears r easonab le s ince t h e r e a r e many f a c t o r s 
l e a d i n g t o an i n f i n i t e p l a n t cos t as the e f f i c i ency approaches 
t h e o r e t i c a l ) , t h e optimum e f f i c i e n c y for the GA w a t e r - s p l i t t i n g 
cyc le may be l e s s than 47%. 

REFERENCE 

E-1. Werner, R, W,, 0. H. Krikorian, and S. L. Ribe, "Conceptual 

Design Study FY 1981, Synfuels from Fusion Using the Tandem 

Mirror Reactor and a Thermochemical (3ycle to Produce Hydro­

gen, " Lawrence Livermore National Laboratory Report UCID-

19311, February 9, 1982. 

E-3 



14 

12 -

10 

1-< 

00 o u 
IXI 

> 
I -< 

TYPICAL COST CURVE 

LOCUS OF MINIMA 

FUSION-POWERED 
WATER-SPLITTING 
PLANT 

_L -L 
0.1 0.2 0.3 0.4 0.5 0.6 

THERMAL EFFICIENCY OF WATER-SPLITTING PLANT 

0.7 0.8 

Fig. E-1. Thermal efficiency of water-splitting 
plant 

E-4 




