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RECOVERY OF URANIUM FROM WET' PRGCESS PHOSPHORIC ACID BY SOLVENT EXTRACTION#*

¥F. J. Hurst

Phosphate r.ckX, which is a prime source of phosphate used in fertilizer
manufacture in the United States, contains uranium. In general the uranium
content of the rock rises with the phosphate content and most high-grade
vhosphate deposits (>30% P205) contain >0.01% uranium. YThe large tonnages ~
of rock being mined represent a significant potential source of ursnium that
lends itself to recovery as a by-product of the wet-process phosphate industry.
For example, in 1953, the U. S. Geological Survey estimated that recoverable
phosphate reserves in the U. S. totaled about 5 billion tons and contained
£00,000 tons of uranium.l This estimate did not include any rock from North
Carolina which has since been estimated at about 2 billion tons. For the
most part, the known, economically mineable U. S. reserves - estimated at
about T billion toms — are concentrated in a few areas; 43% in the western
states of Idaho, Montana, Utah and Wycwming; 28% in each of Florida and North
Carolina and less than 1% in Tennessee. In the past Florida has supplied
about 80%Z of the total U. S. production, practically all of which is land
pebble phosphate. All forecasts indicate increased preduction rates from
North Caroliina and the western states.

In past years, only aboubt 25% of the phosphate processed was converted
to wet-process phosphoric acid, an intermediate step in the production of

high analysis fertilizers. Much of the rock was applied directly to the
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s0il or was simply wel with sulfuric acid and cured to produce superphcsphate.
A large fraction, particularly lower grade rock, was processed in an electric
furnace. The uranium in these products is not presently recoverable. In
addition, significant amounts of phosphate are discarded during beneficiation
of the rock.

In recent years, the technology of phosphate fertilizer production has
undergone a substantial change and more rock is being processed by the wet-
process route. It is this production rate rather than total rock reserves

or total rock processed that is of most importance relative to the amount

of uranium available from this source. The latest by-product uranium production

capability from wet-process phosphoric acid in the U, S. has been estimated

by Fronk McGinley,2 Assistant Director, Ore Reserves and Production Division,

ERDA. A portion of his dota are swmmarized in Fig. 1. McGinley has estimated
chat about 20,000 tons of U308 could be produ:cd from wet-preccess phosphoric
at a cost of $10 or less per pound through 1986 and zbout 70,000 tons of U308
through the year 2C00. McGinley also points out that these estimates are
sensitive to the predicted rate of growth of the industry and if onc asswures
a T percent arnual growth rate, rather than the J percent for the projections
shown in slide 1, the corresponding figures would be about 25,000 tons U308
through 1986 and about 110,000 tons U308 through 2000. The annual growth
rate between 1960 and 1970 was greater than 10 percent. For comparison,
ERDA has estimated uranium ore reserves, as of Jan. 1, 1975, recoverable at
a cost of $10 or less per pound, at 315,000 tons U308‘

Over the past Z5 years, extensive research on recovering uranium from

wet--process phosphorie acid has been carried out by the USAEC and by private




companies, many under contract to the AEC. Becauase of the strong complexing
action of the phosphate for the uraniwa in the concentrated 5 to 6 M phosphoric i
acid sciution and the low concentration of uranium present, the ordinary j
uranium extractants that have been used successiully in recovering uranium
from sulfate solutions in the western uraniwe mills cannot be used because
they do not have enough extraction power in this system. During the past T
years, two potential solvent extraction processes have been developed at the
Ozk Ridge #lational Laboratory for recovering uranium from wet-process
phosphoric acid. Both processes consist of two cycles. In each case, the
first cycle is mainly a concentration step, in which the uranium is concen-
trated from about i.S 1b per 1000 gal to over 100 1b per 1000 gal. This is
accorpliirhed by taking advantage of the oxidation state of the uranium. 'The
first process3 uses the synergistic extractant combination of di(2~ethyl-
hexyl) phosphoric acil and trioctylphosphine oxide (DEPA-TOPO) wiich extracts f
hexavalent uranium and the second processh uses a commercial mixture of mono- 4
and dioctylphenylphosphoric acid (OPPA) which extracts tetravalent uranium.

The concentrated uranium phosphate solution produced in the first cycle of

each of these processes is highly amenabl - %0 processing in a second cycle

which is the same for both processes and uses the DEPA-TOPO extractant. Both
processes have been successfully demonstrated in continuous bench scalc mixer-
settler tests at ORNL and the DEPA~TOPO process has been successfully demonsirated
on a pilot-plant scale with fresh acid at several phosphate plants by four

companies. Unfortunately, most of the information gained in these pilot-

plant operations is proprietary.
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PHOGPHORYIC ACID SANMPLES

e obinined samples (Pable 1) of wet-process reid from four commerciel
plunts (identifivd as Compunies A to D) thut process Floridn rock, one fron
a plant {Company E) that processes Horth Curo-ina rock and ope from 2 plant
(Compuny F) thal processes western rock. Four of the cospanies (C to.F)
caleine their rock prior Lo the dissolution step. The so-c -lled "green®
acid produeccd frem eczleined rock is much ensier to preeess then the "bleck"
acid praduced from uncaleined rock. The hwmus present in "black” azeid is
the major cause of phase separation problems wvhich cazn leud to excessive
solvent lossces. In addition, the humus concentration can build up irreversivly

in the solvent phase nnd decrease its extraciion power for uranium.

v

The sumples renged from $ to 6 M in vhosphate and certained 0.06 to 0.19
& of uranium per liter. If has bLeen reported5 that up to 307 of the ursnium
is undissolved and lost Lo the gypswe residucs when ezleined rock is digesteds
this could zccount for the lower concentration of uraniwm in the "green" acid.
The phouphate rock of Carolina and the vwestern states has a lower concentration
of uranium than does Florida rock.

For maximum efficiency in extraction, all of the uranium should be in
the hexavalent state vhen using the DEPA-TQOP) process and in the tetravalent
state vwhen using the OPPA process. The U{IV)/U{VI) r .10 is dependent on the
Fe(I1)/Fe(III) ratio and our tests have indicated that essentially all the
ureanium is tetravalent at Fe{II) concentrations of about 9.5 g/liter or greater.
As shown here, the concentration of ferrous iron varies over a rather wide
rauge, from 0.2 to 3.5 g/liter. However, most of these samples were several
weeks old when received, and some of the ferrous iron initially presont hed

oxidized as the acid aged. We believe that the ferrous iron concentration
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in fresh acid will be grester fhan 0.5 5 per titer and thnt no reducticn of
Lthe neid will be necessury for the OUPA proeess.  In the event thet roaduction
is needed, it probLably could be sccomplizhed cusily by campletely reducing

a2 small volure of acid and blending the resulting product with the mein acid
strecam.

Oxidation of uraniws to the hexevalent stale for esbiraction with DEPA-
POYO was accomplished easily in the laborntory by adding cae-gixth mole of
Hai‘l03 per rmole of ferrous iron to the apged acid ligquer or by butbling azir
or oxygen through the liguer at 60 to T9°C. iHuwever, in later tests with
fresh "black" wcid at a plant site, sodiws ehlornle regulrements wese Luwo
to three times higher duc to reaction with orpganic muetter in the neid.  Slost
nrovessers foar thaet the larger vmounts of chlorete needed for nxidation will
lead to eicessive corrosion from the chloride produced in the oxidabion and
prefor other oxiduonts. ilydregen peroxzide aspemrs to be a suitable altornnle.

In addition to iron, major impuritics in the eceid in gfliter were: 3-6
aluainum, 2-% celeium, 19-33 sulfute, 2nd 21=30 fluoride. With respect to a
solvent extraction process, the mujor impurity in "black" acid is the orgeanic
matter or humus. Much of this meterial is ¢ 'loidel and cannot Le removed
by filtration. However, it is readily coagulated by the extroctmant with
which it forms a crud that tends to collect at the orgenic/ecquecus intorrace.

Yet-process 5131’0,‘ is supersaturated with gypsum. As the eeid ages the
Eypsun precipitates slowly ond continuowsly, carrying with it organic matter
and other inorganic impurities. Also, some of the orgaonic wmalier is removed
or made inert by oxidation. Thus, the older Lhe acid the more easily it
becoues to process. All of our leoboratory tesis were mode with aged oacid

{at least 2-3 weeks old) and fur this reuson needed confirmation at a plant

site using fresh acid.



Muny of the conpunies inlerested in uranium recovery have developed
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methods for cleaning up the neid.  Allliouph most of this informetion is
propriciary, 1 eon safely sey ihat the metheds invelve two approaches: (1)
cosgulabion with surfactents fellowed hy filtration and (2) ¢ .dation. In
eitiier case, o relolively clenn neid enn be produced.
DEPA-PCEQ PROCESS

The ;:E;‘.E’:'x-’i’()E‘O wrocess {#ig. 2) consists of two eyeles. In the first
crele, Lthe oxidized zeid jo cocled to N0-452C and the uranium is extracied
i Fowr siapges with 0.5 M Dris--0.125 1 TCFO in an aliphaiic diluent. Urenium

st Prom Lhe solvent in 2 Lo 3 shages operaled ot 50°C, by contacting

is ree

it with n phosphoric ncid solution that contains ferrcus jren. ‘The ferr.us
iron reduces the ureaium Lo the less—esziracinble Letravalent state and effects
ity transfor to Lhe nqueous phase. U6 is convenient (and inexpensive) to
borrow o smill volune of reffinate from the extraction sysztenm for this purpose.
Rai'tinesle meleos an jdenl strip solution sinee it is suitebly concentrated in
II3PO!‘ and, aftor reduction with ircn wmetal, containg a suitable concentration
of ¥o(Il). UMorecover, tluoride present in the acid calalyzes the reduction
rate. OSirip solutions cantaining sbout 12 g of uwranium per liter are readily
obtained, These solutions vhich are about a factor of 70 richer in uranium
than the original acid arc highly amenable to treatment in a second cycle
sing the seme extractant,

In the second cycle, the uranium in the product solution is oxidized with
oxXygcn or lln0103 to the hexavelent state end then extracted in three stages with
0.3 # DEPA--0.075 ¥ TOPQ. ‘The extract is scrubbed in two to three stages
with an ammonium carbonate solution. The solubility of urenium is inversely

dependent on the ammoniwn salt concentration of the solution. Operation of




the system with a relatively concentrated {2 to 3.g) ammonium carbonate soluticn

results in direct precipitztion of smmonium uranyl tricarbonate {AUT) in the

stripping system. The AUT settles rapidly in the aqueous phase and is continu-

ously removed by filtration. The filtrate is recycled for further stripping.

The AUT is calcined to 0308'

PROCESS VARIABLES

1.

fhe choice of diluent for the extractant can siguificantly affect extraction
performance end phase separation characteristics. Best results are obtained
with aliphatic diluents., Although ordinary Xkerosene is a suitable diluent
for process application, we have reccmiended the use of refined high-flash-
roint aliphatic'diluents such as Amsco Odorless 450 which was used in most
of our teuis, or Napoleum 470 {Phillips Petroleum) which appears equally
suitable. Urerium extraction coefficients obtaired with aromatic diluents
were significantly lower than those obtained with the aliphatic diluents.
The meximum uranium extraction occurs when the TOPO:DEPA mole ratio is
approximately 1:4 and we have used this ratio in most of our tests (Fig. 3).
However, since our progrem first started in late 1967 the cost of TOPO has
gone from $2.50 to $10.00/1b while the cost of DEPA has remained relatively
constant. For this reason, one might consider decreasing the ratio to 1:6
since our data shows that this could be done with little loss in coefficient.
The uranium extraction coefficient decreased by a factor of over two as

the H3P0h concentration wes increased from 5 to 6 M, the %ypical concen-
tration range of wet-process acid (Fig. b).

Without cooling, the temperature of wet-process acid feed to a solvent
extraction plant would be about 60°C. By cooling the acid to sbout 40°C,
which phosphate producers say can be done economically, the uranium

extraction coefficient is increased by a factor of about 2 (Fig. S).
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Cooling below L0°C does not appear advuntageous due to higher cooling
costs plus the added disadvantago of vpocorer phase separation at lower
Lemperatures.

The dependence of the uranium extraciion coefficient on the DEPA corcen-
tration {with a constant TOPO:DEPA ratio) is about 1.5 in this systenm
{Fig. 6). Consequently, the extraction efficiency can be increased by
incvensing the extructant concentration. This is done, however, at the
expense of higher seolvenl costs. In nost of our test work, the DEPA
concentration has been in the range of 0.2 to 0.5 wolar, which appears

to be suitable for proocss use. The optirum concentration could vary

from plant to plant, depending on the teuperature znd the rhosphoric

acid concentration of the liquor.

In the reductive stripping system, intrastapge recycle of the aqueous phase
from the settler to the mixer was provided to give an aqueous/organic
phase ratio of about 2 in the mixer. This provision and operation at
w50°C ensured that a sufficient amoun* of U{VI) was transferred to the
agueous phese and made available for reaction with Fe(II) to give suitably
rapid kinetics for continuous operztion. Pilot plant studies indicated
that it is very importaent to maintain a relatively high concentration of
ferrous iron (preferably 20-25 gfliter) and to exclude air from the system

vith an inert gas (N2 or 002) blanket to minimize reoxidation.

PROCESS DEMONSTRATION

Figure T shows the extraction of uranium with 0.5 M DEPA--0.125 M TOPO

from Coumpany A and Company B acids at about 40°C. The data for the two

experiments were essentially equivalent and are plotted as a single isotherm.

McCabe-Thiel diagrams indicate that about 96% of the uranium could be recovered

in four ideal extraction stages when operating with an aqueous/organic fiow



ratio of 2/1. Assuning a uranium concentration of 0.17 g per liter in the
feed liquor, loading of the solvent extractant would be zbout 0.33 g of
uranium per liter.

We have made continuous demonstrations of the first-cyele process in a
small mixer-settler test arrsy, using 0.5 M DEPA--0.125 Y TOPO--Amsco 450
to recover uranium from samples of acid from Compenies 4 and B, No change
in performance was detected for periods of operation eguivalent to about 40
complete cycles of the solvent through the extraction-stripping system.

Figure 8 shows tyvrical stage data. As predicted uranium recovery frenm
Coopany A acid at W0°C was about 96% in four cxirac!ion stuges with zn aqueous
to organic flow ratio of 2:1. The extract, which contuined zbout 0.32 ¢ of
uranium per liter, was stripned with a small volume of rafTfinate that had been
reduced with iron metal. About 957 of the uranium was stripped in two stages
at 30°C, yielding a product solution that analyzed 11.8 g of uranium per liter.
Although results wore satisfactory in these tests, the use of two siripving
stages is merginal. Addition of a third stage appears desireble, in order to
decrease the amount of uranium recycled in the solvent to the extractor and
to allow preparation of more concentrsted strip product solutions.

The first-cycle product solution was oxidized with oxygen at 70°C on a
batch basis and then the uranium was recovered in a second cycle at 25°C with
0.3 M DEPA~-0.075 M TOPO {Fig. 9). More than 99% of the uranium was extracted
in three stages, producing an extract that contained more than 9 g of uranium
per liter. In addition to uranium, the extrsct contained 1.8 g of phosphate
and 0.13 g of iron per liter. Three water scrud stages, operated at an
organic to aqueous ratio of 5:1, removed more thar 98% of the phosphate but

very little iron; most of the iron precipitates in the stripping unit and

contaminates the AUT vroduct.

o L RS A
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Almost 211 of the uranium was raroved from the extrzet with azmmonium
carbonute selution in the first of twe siripping stages. The first stripping
unit was desipned to facilitatle continuous precipitation azd discharge of the
AUT precipitate., Intrastage recycle of Lhe slurry from the settler through a
filter and back to the m&xer wis provided for continuous removal of AUT.
Makeup wrmmonin 2and carbon dioxide were bubbled df-ectly into the ngqueous phase

ol Lhe first-gt:zce scettler in order to maintain the zmmonium carbonate concen-

“

iration al about 2 M. The recycle solution contzined azbout ) g of uranium per

Liter. Dilute (0.9 M) ammonium carbonate solution was fed at a very low Tiow

1=

rale to Lhe second stripeping stage, the function of this staze being primarily
to scrub entrained uraniwa from the solvent stream. The ilow rate of *this
solution wes sebt to Lalance Lhe loss of water from the stripping system vhich
oceurs on conversion of the DEPA to its azmmonium salt vwhich is hydrated. Ho
precipitation occurred in the second stage.

The AUT pricipitate was washed and calcined for 2 hr at 600°C. The product
{rom our beneh scale tests analyzed 97.5% U308’ 0.5% Fe, 0.06% PO), and 0.5%
C03, 25 ppm Ti, k0 ppm V, and 0.7 ppm Mo. Calcined produet from one of the
pilo: plant tests analyzed 98.53% U;0g, 0.73% Fe, 0.143 PO, 20 ppm Ti, and
10 ppm Mo. This product would be a highly suitable feed for uranium refineries
that produce UF6.

PHASE SEPARATION

Phase separation in all systems of both cycles was satisfactory in both
bench scale and pilot plant tests. In the first-cycle extraction system,
separation of the phases was rapid and clean, provided mixing was done in the
organic continuous mode - i.e., dispersion of agueous droplets in the organic
phase. When "black" acid was treated, solids accumulated at the agueous-organic

interface but did not interfere with the operation. Although the band of solids
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appeared soon after start-up, the thickness of the band reached 2 cerlain level
and then increased only slowly with c¢xtenird operution. For cormercial operations
some provision would be needed for periodic removal of ccolids = 3 recovery of
solvent from the solids. Although the tests indicated thal the sysiem could

be operated with solidsnpresent, it was established thet removal of organic

and solids from the acid prior to extraction is essential Lo minimizc interfacial
crud in the settlers and optimize operating conditiomns.

The amount of organic phace entrained in the squeous rafrfinale leaviang tie
bench~-scale extractor usually ranged from C.2 to 0.3 gal per 1000 gal of acid.
Passing the raffinate through a 0.5-hr hol:up tank reduced Lhis loss to less
than 0.10 gal per 100C gal of acid. In pilot plunt operation, solvent lcsses
were sonewhat higher, averaging 0.5 gal/1000 gal of rclatively clean pretrented
acid. It is essential that most of the cntrained solvent be removed from the
aicd prior to evaporation of the ccid in the next production step in order to
prevent damage o' the rubber lined evaporators.

CHEMICAL REAGENT COSTS

At the completion of our bench scale tests in early 1970, total reagent
costs for the process were estimated to be less than $1.00 per 1b of U308 and
the prices being quoted for U 05 were $6.25-6.50/1b. Our data showed that the
economic success of the process depended heavily on controlling losses of the
relatively expensive solvent and the measurement of these losses needed
confirmation et the pilot plant level with fresh acid.

Now, Lhe picture has changeé. Prices being quoted for U308 are over
$30/1b with projections to $50/1b by 1980. During this period our estimated

reagent costs have also increased; our present estimates range from about $2

per 1b U,0g for clean "areen" acid to $5 per 1b for "black" acid that requires
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xbensive pretresiment (Table 2). The mjor irerease in cosis, cxcluding
ihe protrealment which coild range from $32-3/1lb, is due to the price of TOFO

which hes incresscd from our carliest quote of 32.50/1b to the ruuge of $10/1b.

AL present, General Hille appears Lo bo the only potentizl supplier.

In addition to the increase in Lhe cosi of TOF0, the acsumed loss of

solvent by entriineent has been [ oreesed from 0.3 Lo 0.9 gal per 1000 gal

of weid based on piloy plant tesls. Aleo, tie diduaent cost was increased fron

£0.78 ta $0.356 per pal.

Tiill CPPA PROCIESE

The proposed DPFA proeeszs (Fig. 10) also censists of two-cyel:s. In the

st—cyele Lhe uzeid is cooled Lo B0-457C, and ‘he uranium is extracted in Tour

[N

stoges with 0.3 to 0.4 M OPPA in ~n aliphaiic ciluent. Urenium is reco - -ed from
ihe sclvent in three stzges operated at 30°C, Ly conlacting it with a 10 H

i loh soiution thuat containsg MaClO3; the chlorate oxidizes the urenium to the

legs—extractabis hexavalent stale and effects its Lransfer Lo the agueous phase.

A convenient source ¢f sirip solution is the 45 to 559 P 2 5 product acid from

the evaporators The sirip solubtion can te loaded with uranium to 15 to 20 g

per liter and after dilution to 6 ﬂ'HBPOh, can be fed directly to the second

cycle of the DEPA-TOPO process.
SOLVENT PREPARATION

The octylphenylphosphoric ascid extractant (Fig. 11) is available commercially
(Mobil Chemieal Company) as an approximately egquimolar mixture of the meno- and

diacids. This extraclant is prepared by rceactiung 3 mcles of octylphenol with

1 mole of P 0. and contains a number of impurities in addition to the mono-

P

and diacids. The nonhomogeneous-looking dark brown to light tan solid mixture,

as received, was heated to atout 65°C in order to liquefy and homogenize it
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for sempling. Equal volumes of the sawple and 6 M HC1 were then stirred under
reflux at 60°C for 16 hr in order to hydrolyze any éyro acids present. Thorough
elimination of the pyro acids would not be required prior to process use of the
octylphenylphosphoric scid but was necessary for experimental studies since
the pyro acids are extremely powerful, although unstable, uranium extractanis
and their presence could produce misleading extraction results. After hydrolysis,
the viscous mixture was diluted with three volumes of Amsco-k50 diiuent to aid
in separation of the phases and then the solvent phase was filtered. This
filtrate, after titration with NaOH solution to determine the concentrations
of the mono- and diacids, was used as a stock solution.

Table 3 shows a comparison of the uranium extraction power of the OFPA
mixture with that of the DEPA -TOPC solveni. Extraction coefficients with
0.32 M OPPA-Amsco 450 were a factor of 3~l higher than with 0.5 M DEPA-

0.125 M TOPD~Aumsco 1450.

In many vespects, the effect of process variables, such as H3P0h concen-
tration, temperature, and reagent concentration dependence, is essentially
the same for both processes. PFerric iron is much more strongly extracted by

the OPPA and has an adverse effect on uranium extraction.

G LT

PROCESS DEMONSTRATION

A continuous demonstration of the first-cycle flow sheet shown in Fig. 10

vas made in bench~scale mixer-settler units. The 0.32 M OPPA-Amsco 450 solvent
wvas submitted to about 80 ccmplete extraction-stripping cycles. Samples of
solvent, which were removed from the system periodically, showed no appreciable
loss of exlraction power with cycling. Titration of the solvent showed that
the sum of the concentration of the mono- and di-OPPA components remained

relatively constant although the mono-OPPA/di-OPPA ratio decreased slightly.
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Preferential loss of mono-OPPA would be expected since batch distribution
measurcments have shown that its distribution loss to the agueous phase is
shout 25 parts per million parts of aqueous, whereas the distribution loss

of the di-OPPA is negligible, Typical stage data is shown in Fig. 12. Uranium
reeovery Trom Company D "green" acid in four extraction stages was about 98%
with an aqueous/organic flow ratic of 4/1. More than 98% of the uranium was
stripped from the extract which contained 0.30 g U/liter in three stages at
30°C, to give a product solution that analyzed 16.h g Ufliter. This corresponds
to a concentration factor across the extraction-stripping system of 225. Tae
decontamination factor of uranium from iron was about 50. This is adequatle é
since the DEPA-TCFO solvent efficiently ieparates the uranium from iron in
the second cycle. -

The minimum eblorate consumption. achieved was sbout 0.8 1b per 1b of
wranium recovered, w factor of 5 to 6 higler than the stoichiometric require- .
ment. We found that the major consumption of chlorate was not die to the
oxidation of uranium but to a side reaction in which chlorate reacts with
chloride in the acid to produce chlorine andfor chlorine dioxide. When these
gaseous products were contained, by sealing the stripping units from the
atmosphere, much wmore efficient utilization of the chlorste was achieved.
Also, by operating the stripping unils at 30°C and by adding most of the
chlorate, in the form of an almost saburated water solution, to the first
stripping stage (the balsnce was added to the third stage) more efficient
utilization of the oxidant was obtained. The addition of sodium chlorate to
the system caused precipitation of sodium silico fluoride, but this did not

cause physical problems.
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Since our tests showed that the mono component was preferentially lost
from the solvent, it was apparenl that a source of mono-OPPA would be needed
to maintain the proper concentration range during continuous operation. TFor

this reason, a method was developed to separate the mixture into relatively

pure gono- and diacid fractions. When these fractions were tested alone and

in various combinations, we found that the extraction power of the mixture

was about 15 times greater than either component alonc (Table 4). As shown

here, the uranium extraction coefficient was about 30 in extractions with
an equimolar mixture compared to about 2 with either compcnent alone. Also,

the coefficient remained approximately constant as the di-mono ratio was

increased from 1/1 to 7/1L. In the tests described here, some of the impurities

{non~acidic components) in the original mixture were still present in the
separated fractions and the mono- and diacids were soluble in Amsco %50.
However, ih later tests in which essentially all of the impuritics had been
removed, neither the mono-~ or diacid was soluble in the Amsco W50 diluent.
It was obvious that some other component in the commercial mixture was
al'fecting the solubility and possibly uranium extraction.

CHEMICAL REAGENT COSTS

Total chemical reagent costs for the process, based on the continuous
bench-scale tests using "green" acid containing 0.12 g U308/1 were previously
estimated to be $0.71/1b U,0q (Table 5). Thus, if planned stability and
solubility tests confirm our previous data, the OPPA process should have a

significant cost advantage over the DEPA-TOPQU Process.

suM- v
The OPPA process offers three potential advantages over the DEPA-TOPO

process.

power for uranium than the DEPA-TOPO solvent. In addition it extracts U(IV),

The OPPA extractant is much less expensive and has a higher extraction

s TE

vl

N e N e

i

RN R O T
SESEh iy AL

S AN TN RS

Ty ey a S




e = e T

16

Lthe prevéiling oxidation state of uranium in wet-process phosphoric acid
and this eliminates the liquor oxidation step required in the DEPA-TOPO
process. However, the DEZPA-TOPO solvent is known to be extremely stable
and this process has becn successfully demonstrated on a pilot-plant scale
at phosphate plants. It is my understanding that several companies are
vlanning to commercislize this preccess in the nesr future. On the other hand,
the poltentially more attractive OPPA process has not been proven in a pilot
plant operation and some questions about the solubility and stability of the
CFPA need to be snswered.

Because of the wide sprrad interest in this process, we have recently
started a program in cooperation with Mobil and Allied Chemical companies to

study this extractunt. Ve hope to identify and isolate the material that

solubilizes the monc- and diacids and to determine the optimum concentration

and ratios for uranium extraction. In addition we plan to make a long term

cyclic test to better define solubility losses and stability of the extractant.

Consideration will also be given to improving the recovery of uranium lost to

the gypsum during calcination.
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1. 5% per year increase in acid production
after 1970. 2. 90% dissolution of urznium
from rock averaging 0.015% U0g-
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Effect of H

POh Concentration on Uranium
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Effect of Temperature on Uranium Extraction
from Company A Acid with 0.2 M DEPA-0.05 M
TOFO.

Effect of DEPA Concentration cn Uranium
Extraction. Conditions: organic and :gueous
phases mixed 5 min at a phase ratio of 1l:l.
Ratio of TOPO:DEPA in the organic phase was
constant at 1:h.

Isotherm for Extraction of Uraniuwm from Wet-
Process Phosphorie Acid with 0.5 M DEPA-
¢.125 M 70PO.

Demonstration of First-Cycle DEPA-TOPC Fiow-
shect. Nunbers in blocks show concentration
in grams per liter at steady state.

Demonstration of Second-Cycle Flowsheet.
Numbers in blocks show concentration in grams
per iiter at steady state.

OPPA Process Flowsheei for Recovery of Uranium
from Wet-Prccess Phosphoric Acid.

Octylphenenyl Phosphoric Acid (OPPA)

Demonstration of First-Cycle OPPA Flowsheet.
Nwibers in blocks show concentration in grams
per liter at steady state.
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EXTRACTION o] REDUCTIVE | __.
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" 's0°C)
: o PRODUCT Fe®
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'REDUCTION -
| 02 | )
or OXIDATION - . .
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(l"?oz:'c’t‘i‘:\e)' , SOLVENT = RECYCLE
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"o ) ! 13 f 2 sfa es' U\H.)z C03
~—| B8s0 - 25 - 45%¢) 858 solbfion”
Ho0 pe—NH 3
RECYCLE 4 Pco
AR FILTRATION [-—s-{CALCINATION U304
CIRCUIT

%06 M D2EHPA=-0.125 M TOPO~-Amsco 450
R% 3 D2EHPA==0.075 ¥ TOPO=-Amsco 450

-

[
Fig. }J.G Process Flowsheet for Recovery of Uraniwm from Wet-Process
Phosphoric Acid.
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URANIUM EXTRACTION COEFFICIENT,Eg

0.z © Organic Phase: 0.18 _.‘B_DZEHPA-'TOPO'NDDj
o Aquaous Phase: Pure 5.3 M H3P0,,0.29
U/ liter
0.2 ) g
A Orgonic Phase: 0.5 14 D2EHPA--TOPO--NDD
Aqueoun Phosa: Company A Acid
0.‘ 1 1 E S U A | li 1 [] .1
. 0.01 0.02 0.03 0.05 Q.1 0.2 03 05
TOPO CONCENTRATION (1)
3

~2

Fig. ﬂ Effect of TOPO:DZEIPA Ratio on Ursnium Extraction at 25°C.

Conditions: Organic and agueous phases mixed 5 min at a ratio of 1:1.
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Fig. Y. Effect of D2EHPA Concentration on Uranium Extraction.
Conditions: Organic and aqueous phases mixed 5 min at a phase ratio

of 1:1. Ratio of TOPO:D2EIPA in the organic phase was constant at L:k.

.Company A and Company B acid samples werc & molar in H3PO,.
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Phosphoric Acid with 0.9 M D2EHPA--0.125 M TOPO--NDD.



show concentration in grams per liter at steady state.
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ORNL-DWG-T71-163R!
0.5M D2EHPA--Q.125M TOPO=~AMSCO 450 {30 ml/min)
EXTRACTION (40°C) STRIPPING (50°C)
2= Q.04 U {0.10 VU 0.19U 0.32 U 0075 U {0016 U
118 u 3.5 U [{i5q Fe (li)/tliter
007 . .04 U .
0.007r U j00z U |00 ooT v | 9 Fe () {13 Fean [~ A
COMPANY A ACID . _Q;_FIRST- CYCLE
{60 mi/min) . *"PRODUCT SOLUTION Fe®
0.17g U/ liter \%
REDUCTION
\
(0.7 mi/min)
RAFFINATE
Fig. 8. Demonstration of First-Cycle Flowsheet. Nwmbers in blocks
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0.3M D2EHPA-0.075 34 TOPO-AMSCO 450 (10 ml/ min)

*_EXTRACTION (25°C) SCRUB (25°C) STRIPPING (35°C)
0.52y |3.0U |9.4U . 8.7y 0.0150 |0.009U
512,1P0, | 2.8P0,| 1.8 PO, 20.07 P04/0.04 P04{0.03 PO, =
0.25 Fe {019 Fe {013 Fe
: 41U | iTU
TOKH; |SONH 4
0.08U | 0.8V |3.9V 9.5P(1, {0.44P0,{0.12P0, 116 €03 | 66COy
r 002 PO, 0.07P0,
[ s&%%“ Q.1 Fe ,
R g H; .
WATER o €0, o O3 2
RAFFINATE OXIDIZED (2 it Zmin) aquaoys \NHelz CO3
FIRST*CYCLE RECYCLE (O-7mi/min)
PRODUCT &
SOLUTION 1 M NH4OH [ FILTER
(7.5 mi/min) VIASH
1.3 g U/titer
AUT

Fig. 9. Demonstration of Second-Cycle Flowsheet. Numbers in'

-blocks show concentration in grums per liter at steady state.
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H3zPO4

N EXTRACTION OXIDATIVE STRIPPING [~
(4 STAGES, 40-45°C) (3 STAGES, 25-30°C) }s—m
RAFENATE 0 PRODUCT
A SOLUTION
EVAPORATORS |- L DILUTION NaCIO5
5 10 M H3PO,
45-55% P,05
TO .
FERTILIZER |
PRODUCTION
—SOLVENT *¥ RECYCLE
[ F,0
5 "—‘”"_'“—'L,_____j
> EXTRACTION [© f SCRUBBING CARBONATE
(3 STAGES) | (2 STAGES) STRIFAING
e — (2 STAGES, |,
T - 35-45°C)
v - RECYCLE TO . ;
RECYCLE TO PHOSPHATE ROCK NHz—->  (NHz),C05 |
EVAPORATORS LEACHING CIRCUIT | COp—>} SOLUTION
% 03-04 OPPA-AMSCO 450 [FILTRAT 1ON ./.!_CALC!NAT SOI'\I!
e ' AUT

%% 03M DZEHFA-0075 M
TOPO--AMSCO 450

© RECOVERY OF URANIUM FROM WET-PROCESS PHOSPHORIC ACID.
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Q | Q
RO-P-OH RO-P-OH
OH OR

MONGC-ACID PHOSPHATE DI-ACID PHOSPHATE

| CHz  CHs
] ]
WHERE, R= CHz~C-CHp-C ~ ¢
CHz  CHsz

OCTYLPHENYL

NOTE: 1. THE OCTYL SIDE CHAIN IS IN PARA
POSITION.

2. THE OCTYL ISOMER IS SPECIFICALLY
11,33 TETRAMETHYL BUTYL.

Ryl OCTYLPHENYL PHOSPHORIC ACID
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032M OPPA--AMSCO 450 (I5ml/ min)

EXTRACTION (45°C) TRIPPING (20°C)
| 0032u {0085U |014U |0:30U oo7su | 00210 | 0.005U|
| | 264k
| ooorau| ooosau| 0oy | 007U, 16.4U | 396U | 090U |
700Fe [‘SSJ Fe

STRIP IOM H3PO4
L—>RAFFINATE PRODUCT 02 ml / min —
| SOLUTION 7g NaClOz/liter
NaCiOz
COMPANY 0007 mi/mm

D ACID ;
(60 ml/ min) 600g / liter

0.073gU/ liter

e i2.DEMONSTRATION OF FIRST CYCLE FLOWSHEET
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T r5LE-{ . ANALYSIS OF WET-PROCESS PHOSPHORIC ACID SAMPLES

Acid Type Concentration, g/liter

from Reck of Total

Company - Location Acig U Fa(II) Fe PO,
A Florida Brown  0.1k-0.17 o'. 3-0.8 7-10  5.0-6.0 M
B Florida Brown  0.16-0.19  0.3-2.6 10-12 5.4-6.0M
c F;.orida Green 0.10-0.13 0.2-0.7 _6-7 5.2-5.3 M
D Florida Green 0.07-0.09 2,0-2.5 8-9 5.5-5.T M
E N. Carolina  Grsem  0.06 3.)4‘ 6.8 5.5 M
P Western Green 0;06 2.6 4.5 5.9 M
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TH3LEZ ESTIMATED CHEMICAL REAGENT COSTS d

Assumptions:  Qwverall recovery of 95% of the uranium from acid containing
0.17 g of U {0.20 g of UgOg) per Jiter

Cost
Consumption  Unit Cost (S per Ib of
Chemicel Consumption {lbs/1b U308g) (¢/1b) U3Og recovered)
NaClO, Licuor oxidation (First eycle) 1.0 10 0.10
Iron metal Stripping 0.5 5 0.03
NeClOac Liquor oxidation second cycle) 0.8 10 0.08
NH3 Stripping 0.9 4 0.04
C02 Stripping 0.8 3 0.02
D2EHPA Soluble toss te aqueous <3.01 100 1000 <0.01
TOPO Soluble foss to aqueous <0.0} <0.01
Orgenic phase  Physical !ossesb 0.2)gal %280Ygol® .54 171
Total 0.3 570 0.89~2.00

ISinca the oxygen utilizetion efficiancy in oxidizing with O, hes not been established, use of
NoClO4 Is cssumed.

5 0.05
Lossas by entrainment, spillage, settler clean-outs, etc., assumed to be{0.03%)of wet-process
acid velume,

€ Azsumes an extractant concentration of 0.9 A7 D2EHPA=-0,12 M TOPO; Amsco 450 ci@
por gals 0.56
¢ zpvised , 1975,

y - s RO SR SRR SIS SO
ISR S PR A SUNE NS RS RS b -
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Table I73. Extraction of Ureniuz from Comesrcizl Phosphoric
Acid Solutions with GPFA and LESiEA-TOPO
Lt

TN iy P
-

Organic: 0.32 !4 OPPA in Amsco %450 or 0.5 3] B’:..’-‘E:E’:Q--O.l25 M
70P0 in Amsco 450

Aqueous: Wet-process phospheric acid samples described in
Table I

Conditions: Equal volumes of orgznic and agueous phases mixsd

5 min at 23°C

Uranium extraction
coefficient, ES,’

' Company oppa® DiEi:A-TOPO?
A 30 7
B 16 5
c 29 8
D . 27 8
E >30 12
P >30 10

Buranium present as U{IV).

Yyraniun present ss U{VI).
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“TAGLIE 4-EFFECT OF MOLE RATIO OF MONO- AND DI- OPPA ON URAITUM EXTRACTION

Organic: Varying ratios of co20-~ and di- OPPA in Amsco 450

Aqueous: Company A zcid
i

Procedure: Equal volumes of orgznic and aqueous mixed 5 min at 25°C

Phnasa Urzaium . Concentration

OFPA Coancentration . Separstion Extraction of Fe
(1) Tipa Coefficient in Extract i

Mcno- Di~ (sec) (Eg) (z/1iter) ;
0.200 - 900 2.1 ’ 0.95 j
0.175 0.025 900 5.3 1.08
0,150 0.050 ho00 10 0.9% f
0.125 0.075 180 16 1.03 1
0.100 0.100 55 30 1.16 3
0.075 0.125 50 30 . 1.3
0.050 0.150 ko 37 1.42 4
0.025  0.175 30 C 30 1.13
- 0.200 30 2.3  0.29 :
;
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TS LIE 37 ESTRATED CHIMICAL REAGENT COST:

Assumptions: Overall recovery of 9% of uranium from green acid conteining 0.0 B
5 of uraniun (0.12 g of U,0,) per liter or zbout 1 1b U 0, per 100D
B gal of acid.

: Consu=ption Unit Cost Cost (§/1b U0,
: Chemical Consurption (1b/1b U,0,) (¢/1b) recovered)

First Cycle

NaCl0, Stripping 1.0 10 . C.10
OPPA Soluble loss to aque:ousa 0.21 75 0.18
Organic Physical losses? 0.30 120/ga1® 0.36
Phase .

(Costs estimated from
previcus study) ) <0.10

Total 0.6

aAssmaas an equimoler mixture of rme:»- and di-OPPA with a purity of 854 and a steady
state loss of 25 ppm to the aguecus phase.

bLosses by entrainment, spillage, and settler ciean-cuts assumed to be 0.03% of tha
acid volume. .

o

: ®pAssumes an extractant concentration of 0.3% M OPPA; Amsco 450 at $0.28/gal.




