
KECOVERY OF URANIUM FROM WET PROCESS PHOSPKOKIC ACID BY SOLVKHT EXTRACTION*

F. J. Hurst

Phosphate r<...-k, which is a prime source of phosphate used in fertilizer

manufacture in the United States, contains uranium. In general the uranium

content of the rock rises with the phosphate content and most high-grade

phosphate deposits (>30# YrPc) contain >0.01/S uranium. The large tonnages "

of rock being mined represent a significant potential source of uranium that

lends itself to recovery as a "by-product of the wet-process phosphate industry.

For example, in 1953, the U. S. Geological Survey estimated that recoverable

phosphate reserves in the U. S. totaled about 5 billion tons and contained

600,000 tons of uranium. This estimate did not include any rock from North

Carolina which has since been estimated at about 2 billion tons. For the

most part, the known, economically mineable U. S. reserves - estimated at

about 7 billion tons - are concentrated in a few areas; ̂ 3% in the western

states of Idaho, Montana, Utah and Wyoming; 28$ in each of Florida and Worth

Carolina and less than 1% in Tennessee. In the past Florida has supplied

about 80$ of the total U. S. production, practically all of which is land

pebble phosphate. All forecasts indicate increased production rates from

North Carolina and the western states.

In past years, only about 25% of the phosphate processed was converted

to wet-process phosphoric acid, an intermediate step in the production of

high analysis fertilizers. Much of the rock was applied directly to the
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soil or was simply wet with sulfuric acid and cured to produce superphosphate.

A large fraction, particularly lower grade rock, nas processed in an electric

furnace. The uranium in these products is not presently recoverable. In

addition, significant amounts of phosphate are discarded di\ring benefieiation

of the rock.

In recent years, the technology of phosphate fertilizer production has

undergone a substantial change and more rock is being processed by the wet-

process route. It is this production rate rather than total rock reserves

or total rock processed that is of most importance relative to the amount

of uranium available from this source. The latest by-product uranium production

capability from vet-process phosphoric acid in the U. S. has been estimated

p

by Fr.mk McGinley," Assistant Director, Ore Reserves and Production Division,

ERDA. A portion of his data are suiiimarized in Fig. 1. McGinley has estimated

that about 20,000 tons of U^o could be produced from wet-process phosphoric

at a cost of $10 or less per pound through 1986 and about 70,000 tons of U-jQg

through the year 2000. McGinley also points out that these estimates are

sensitive to the predicted rate of growth of the industry and if one assumes

a T percent annual growth rate, rather than the '} percent for the projections

shown in slide 1, the corresponding figures would be about 25,000 tons U_0Q

through 1986 and about 110,000 tons U_0g through 2000. The annual growth

rate between i960 and 1970 was greater than 10 percent. For comparison,

EBDA has estimated uranium ore reserves, as of Jan. 1, 1975> recoverable at

a cost of $10 or less per pound, at 315,000 tons U,0o.

Over the past 25 yearss extensive research on recovering uranium from

wet-process phosphoric acid has been carried out by the USASC and by private



companies, many under contract to the AEC. Becaase of the strong cowp.lexing

action of the phosphate for the uranium in the concentrated 5 to 6 M phosphoric

acid solution and the low concentration of uranium present, the ordinary

uranium extractants that have been used successfully in recovering uranium

from sulfate solutions in the western uranium mills cannot be used because

they do not have enough extraction power in this system. During the past 7

years, two potential solvent extraction processes have been developed at the

Oak Ridge 2'Jational Laboratory for recovering uranium from wet-process

phosphoric acid. Both processes consist of two cycles. In each case, the

first cycle is mainly a concentration step, in which the uranium is concen- ;

trated from about 1.5 lb per 1000 gal to over 100 lb per 1000 gal. This is

aec,r.r>l:i:-hed by taking advantage of the oxidation state of the uranium. The '}

first process uses the synergistic extractant combination of di(2-ethyl-

hexyl) phosphoric acil and trioctylphosphine oxide (DEPA-TOPO) which extracts ;

hexavalent uranium and the second process uses a commercial mixturo of ciono-

and dioctylphenylphosphoric acid (0PPA) which extracts tetravalent uranium. •!

The concentrated uranium phosphate solution produced in the first cycle of \

each of these processes is highly amenab) to processing in a second cycle ;

which is the same for both processes and uses the DEPA-TOPO extractant. Both ]
. j

processes have been successfully demonstrated in continuous bench scale mixer- •']

settler tests at ORNL and the DEPA-TOPO process has been successfully demonstrated ,1

on a pilot-plant scale with fresh acid at several phosphate plants by four |

companies. Unfortunately, most of the information gained in these pilot-

plant operations is proprietary.



C AC ;.D SAMPLES

We obtained stuapJ.cn (Table; I) of vet-process; »-r:id from four coMiereial

plants (ide!itirii:<i as Companiet; A to D) that proc-ca-.; Florida rock, one fron

a pJant (Company E) that proccsscn Hort.li Curo-.ina rock and one from a plant

(Company F) that, processes western rook. Four of the c<, span *ca (C to >')

calcine their rock prior to tho dissolution step. The so-r -lied "green"

acid produced from calcined rock is much easier to process than the "black"

:icj.d produced l'rosi uncuicincd rock. The hussuu present in "black" acid is

tho major cause of phase :;r?paration problems which can lead to excessive

solvent losses. In ,'i/klition, the l.uisus concentration can build up irreversibly

in the solvent phase and decrease its extraction power for uraiiiun.

The saKnlcH ranged from 5 to 6 t4 in phosphate and contained 0.06 to 0.1?

Q of uranium per liter. It has been reported that up to 'iOft of the uranium

in undisnolved and lost to the gypj;uic residues when calcined rock is digested; '

this could account for the lower concentration of uranium in the "green" acid.

The phosphate rock of Cai'olina and the western states has a lower concentration

of uranium than does Florida rock.

For maximum efficiency in extraction, all of the uranium should be in N

the hexavalent state when using the DEPA-TOPO process and in the tetravalent

state when using the OPPA process. The U(IV)/U(VI) r# .10 is dependent on the

Fe(ll)/Fe(lll) ratio and our tests have indicated that essentially all the \',

uranium is tetravalent at Fe(ll) concentrations of about 0.5 g/liter or greater. ;"

As shown here, the concentration of ferrous iron varies over a rather vide J,

range, from 0.2 to 3-5 g/liter. However, most of these samples were several |

weeks old when i*eceived, and some of the ferrous iron initially present had

oxidized as the acid aged. We believe that the ferrous iron concentration



in fresh acid will be greater !.han 0.5 ,? per liter and fch»it no reduction «»f

the acid will be neceusary for the OJ*PA process. In the •.•vent that redu

ia needed, it probably could bo accomplished easily by completely reducing

a small volume of acid and blending the resulting product with the rasin acid

stream.

Oxidation of uranium to the hexevalcnt state for extraction with DKPA-

TOFO was accomplished easily in the laboratory by adding ona-aixth mala of

if&CJ.O_ per mole of ferrous iron to the sc°d .teid liquor or by bubbling air

or oxygen through the liquor at 60 to YO°C. However, in later tests with

fresh "black" acid at a plant site, uodiw; ehlornto retjni.svir.ontn w o m two

to three times higher diie to reaction with organic rmtter it» the ttdd. *t-jst

proi.'Qsscrs fear that the larger catautitii of chlr>j'utc «<;«d«d t'or oxidsttion •.•ill

lead to excessive corrosion from the chloride produced in the oxidation «nd

prefer other oxldtmts. Hydn-gen peroxide appears to lie a suitable alternate.

In addition to iron, major ictpuritica in the sieid in g/liter were: 3-6

aluraiman, 2-h calcium, 19-33 :?ulfatc, and 21-30 "luoride. With respect to a

solvent extraction process, the major iispurity in "black" acid is the organic

matter or humus. Much of this material i:s c 'loidul and ciumot be rercoved

by filtration. However, it is readily coagulated by the extract wit with

which it foras a crud that tends to collect at the organic/aqueous interface.

Wet-process i'-aPOj is supersaturated with gypsum. As the acid ages the

gypsum precipitates slowly and continuously, carrying with it organic ratter

and other inorganic irapuW.ties. Also, sono of the organic seattcr is removed

or made inert by oxidation. Thus, the older the acid the more easily it

becomes to process. All of our laboratory tests were made with aged aci-i

(at least 8-3 weeks old) and .Cor this reason needed confirmation at a plant

site using fresh acid.



Mskiiy of the coripunics Inter*?!; ted in uranium recovery have developed

nx-thuds for cleaning up the acid. Although Kost jf this ir.forre&tion is

riroprK.'.ury* I enn ."rifely :;«y thai tho muUicis involve two approaches: (l)

copulation with surfactants followed by filtration and (2) o j.dation. In

eitlu-r cuae, « relatively clean acj.d can be produced.

DSPA-l'OfO PŜ OCiSS

•J'!ic !>iilsi\-'i'Ol-Q process (r'lfj. 2) consists of two cycles. In the first

cycl«i, the oxidlr.od SiCid i;; cooled to 'J0-'O°C and the uraniuia is extracted

in four stagrs with 0.5 ]u Dr;7.—0.125 J1'i'CFO in an aliphatic diluent. Uranium

it! s-et:oV'>i-!*4 froiE the solvent i:» 2 lo 3 stages operated at 50°C, by contacting

it with a phosphoric :».ofd solution that contains ferrous iron. The ferrous

iron reduce:; the urK!>Uu:t to tho J.c3s-oxtract'«ble tutravolent state and effects

j.t:s tivmsif'.-r to the :vquoou:: phivsc. It i:3 convenient (and inexpensive) to

borrow a small volume of rnffinato from the extraction syntem for this purpose.

KaffiiiKto isukess an ideal atrip solution since it is suitably concentrated in

!l,POj and, after reduction with iron metal, contains a suitable concentration

of Po(ll). Moreover, fluoride present in the acid catalyzes the reduction

rate. Strip solutions containing about 12 g of uraniuia per liter are readily

obtained. These solutions which are about a factor of '(0 i*icher in uranium

than the original acid arc highly amenable to treatment in a second cycle

using the sane extraet.ant.

In the second cycle, the uranium in the product solution is oxidized with

oxygen or IlaCIO, to the hexavulent state and then extracted in three stages with

0.3 fl DEPA—0.075 M TOPO. The extract is scrubbed in two to three stages

with an ammonium carbonate solution. The solubility of uranium is inversely

dependent on the ansnoniutn salt concentration of the solution. Operation of



the system with a relatively concentrated (2 to 3 M) ammonium cai-bonate solution

results in direct precipitation of ammonium uranyl tricarbonate (AUT) in the

stripping system. The AUT settles rapidly in the aqueous phase and is continu-

ously removed by filtration. The filtrate is recycled for further stripping.

The AOT is calcined to U-Og.

PROCESS VARIABLES

1. The choice of diluent for the extractant can significantly affect extraction

performance and phase separation characteristics. Best results are obtained

with aliphatic diluents. Although ordinary kerosene is a suitable diluent

I'or process application, we have recoumiended the use of refined high-flash-

point aliphatic diluents such as Amsco Odorless U50 which was used in most

of our tei/is, or Jlapoleum ^70 (Phillips Petroleum) which appears equally

suitable. Uranium extraction coefficients obtained with aromatic diluents

were significantly lower than those obtained with the aliphatic diluents.

2. The maximum uranium extraction occurs when the TOPOrDEFA mole ratio is

approxiscately l:k and we have used this ratio in most of our tests (Fig. 3).

However, since our program first started in late 1967 the cost of TOPO has

gone from $2.50 to $10.00/lb while the cost of DEPA has remained relatively

constant. For this reason, one might consider decreasing the ratio to 1:6

since our data shows that this could be done with little loss in coefficient.

3. The uranium extraction coefficient decreased by a factor of over two as

the H,F0v concentration was increased from 5 to 6 M, the typical concen-

tration range of wet-process acid (Fig. k).

h. Without cooling, the temperature of wet-process acid feed to a solvent

extraction plant would be about 60°C. By cooling the acid to about JJO°C,

which phosphate producers say can be done economically, the uranium

extraction coefficient is increased by a factor of about 2 (Fig. 5)«
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Cooling below 1)O°C does not appear advantageous due to higher cooling

coats plua the added disadvantage of poorer phase separation at lower

temperatures.

5. The dependence of the uranium extraction coefficient on the DEPA concen-

tration (with a constant TOPO:DEPA ratio) ia about 1.5 in this system

(Fig. 6). Consequently, the extraction efficiency can be increased by

increasing the extractant concentration. This is done, however, at the

expense of highel- solvent coats. In r,\O3t of our test •work, the DEPA

concentration has been in the range of 0.2 to 0.5 isolar, which appears

to be suitable fox- pro-.--c.-ss use. The optimum concentration could vary

from plant to plant, depending on the temperature and the phosphoric

acid concentration of the .1 iquor.

6. In the reductive stripping system, intrastage recycle of the aqueous phase

from the settler to the mixer was provided to give an aqueous/organic

phase ratio of about 2 in the mixer. This provision and operation at

#v>50°C ensured that a sufficient amoun*. of l)(Vl) was transferred to the

aqueous phase and made available for reaction with Fe{ll) to give suitably

rapid kinetics for continuous operation. Pilot plant studies indicated

that it is very important to maintain a relatively high concentration of

ferrous iron (preferably 20-25 g/liter) and to exclude air from the system

with an inert gas (Hp or COp) blanket to minimize reoxidation.

PROCESS DEMONSTRATION

Figure 7 shows the extraction of uranium with 0.5 M DEPA—0.125 M TOPO

from Company A and Company B acids at about ltO°C. The data for the two

experiments were essentially equivalent and are plotted as a single isotherm.

McCabe-Thiel diagrams indicate that about 96% of the uranium could be recovered

in four ideal extraction stages when operating with an aqueous/organic flow



rntio of 2/1. Assuming a uranium concentration of 0.17 G Per liter in the

feed liquor, loading of the solvent exfcractant would be about 0.33 g of

uranium per liter.

We have made continuous demonstrations of the first-cycle process in a

small mixer-settler test array, using 0-5 M DEPA—0.125 M 1OP0—Amsco 'i50

to recover uranium from samples of acid from Corcpanies A and B. No change

in performance was detected for periods o€ operation equivalent to about '»0

complete cycles of the solvent through the extraction-sti'ipping system.

Figure 8 shows typical st.igs data. As predicted uranium recovery frora

Cc.ipany A acid at UO°C was about 96% in four extrac' ion stages with an aqueous

to organic flow ratio of 2:1. The extract, which contained about 0.32 g of

uranium per liter, vas stripped with a small volume of r«.ffinate that had been

reduced with iron metal. About 95$ of the uranium was stripped in two stages

at pO°C, yielding a product soJution that analysed 11.8 g of uranium per liter.

Although results were satisfactory in these tests, the use of two stripping

stages is marginal. Addition of a third stage appears desirable, in order to

decrease the amount of uranium recycled in the solvent to the extractor and

to allow preparation of more concentrated strip product solutions.

The first-cycle product solution was oxidised with oxygen at 70°C on a

batch basis and then the uraniuai was recovered in a second cycle at 2'j°C with

0.3 M DEPA—0.075 M TOFO (Fig. 9). More than 99/5 of the uranium was extracted

in three stages, producing an extract that contained more than 9 g of uranium

per liter. In addition to uranium, the extract contained 1.8 g of phosphate

and 0.13 g of iron per liter. Three water scrub stages, operated at an

organic to aqueous ratio of 5*1, removed more than 98JJ of the phosphate but

very little iron; most of the iron precipitates in the stripping unit and

contaminates the AU7 product.
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Almost 'ill of the uranium was removed from the extract with

cnrbotiute solution in the fir:;t of two stripping stages. The first stripping

unit wass designed to facilitate continuous precipitation ar.d discharge of the

A1JT pi-«;<vpitate. Intrastage recycle of the slurry from the settler through a

filter and back to the mixer was provided for continuous removal of AUT.

Makeup u:::Eioni.-i and carbon dioxide wore bubbled d:'*-ectly into the aqueous phase

of tiie X'irst-ctngo settler in order to maintain the ammonium carbonate concen-

tration at about 2 H. The ivsoycJc solution contained about U g of uranium per

lil.er. Dilute ho.'j M) sEaoniuin carbonate solution was fed at a very low flow

fate to the second stripping istage, the function of this stage being primarily

to scrub entrained uranium from the solvent stream. The iiow rate of this

solution was set to balance '.he loss of water from the stripping system which

occurs on conversion of the DKPA to its E-imiionium salt which is hydrated. Ho

precipitation occurred in the second stage.

The AUT pricipitate was washed and calcined for 2 hr at 600°C. The product

from our bench scale tests analyzed 97.5$ U-Og, 0.5% Fe, 0.06% PO^, and 0.5?

C0_, ?5 ppm Ti, Uo ppci V, and 0.7 ppm Mo. Calcined product from one of the

pilot plant tests analyzed 98.53^ IJO°A« °-73$ Fe, O.lJi? POi, 20 ppm Ti, and

10 ppw Mo. This product would be a highly suitable feed for uranium refineries

that produce UFg.

PHASE SEPARATION

Phase separation in all systems of both cycles was satisfactory in both

bench scale and pilot plant tests. In the first-cycle extraction system,

separation of the phases was rapid and clean, provided mixing was done in the

organic continuous mode - i.e., dispersion of aqueous droplets in the organic

phase. When "black" acid was treated, solids accumulated at the aqueous-organic

interface but did not interfere with the operation. Although the band of solids
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appeared soon after ntait-up, the thickness of the band reached a certain lovel

and then increased only slowly with oxtc/i'l̂ d operation. For- co-n.nercial operations

some provision would be needed for periodic removal of rolitls it: i recovery of

solvent from the solids. Although the tests indicated that the system could

be operated with solids present, it was established that removal of orj-unic

find solids from the acid prior to extraction is o.ssential to minimise inter facial

crud in the settlers and optimize operating conditions.

The amount of organic phase entrained in the aqueous raffinate 2<_avi.n£ {.ho

bench-scale extractor usually ranged from 0.2 to 0.3 gal per 1000 gal of acid.

Passing the raffinate through a 0.5-hr hol'lup tank reduced Lhis loss to less

than 0.10 gal per 1000 gal of acid. In pilot piunt operation, solvent Josses

were somewhat higher, averaging '̂ 0.5 gal/1000 gal of relatively clean protrested

acid. It is essential that most of the entrained solvent be removed froja the

aicd prior to evaporation of the acid in the next production step in order to

prevent damage oi* the rubber lined evaporators.

CHEMICAL BEAGEI1T COSTS

At the completion of our bench scale tests in early 1970» total, reagent

costs for the process were estimated to be less than $1.00 per lb of U^OQ and

the prices being quoted for U.,Og were $6.25-6.50/lb. Our data showed that the

economic success of the process depended heavily on controlling losses of the

relatively expensive solvent and the measurement of these losses needed

confirmation at the pilot plant level with fresh acid.

How, Ihe picture has changed. Prices being quoted for U-̂ Og are over

$30/lb with projections to $50/lb by 1980. During this period our estimated

reagent costs have also increased; our present estimates range from about $2

per lb U,0Q for clean "green" acid to $5 per lb for "black" acid that requires
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'.xtcna.iv*? £••<;!rorvtinent, (Table ??). 'i'he ra.'ija?" ii;cre.-it3e i:i cGSts, excluding

the pr:trw.lK'-at which <:o ild r:m%<i from §2-3/lb, is due to the price of TOFO

which has increased fi-ow our earliest; quote of $P.50/lb to the ruige of $10/lb.

At jirouctit, Guiit.'ral Mill:; appears to bo the only potential supplier.

In aridities! to the increase in t'se cost of TOFO, the arsusied loss of

:;c)vt-)it by ontr.'dnK'.r.t has boon >' creased from 0.3 to 0-5 gal per 1000 gal

of ;.-.«: id !.MS(."(3 on ci.'.ot, pl:int ter;L:5. Altfo, ticdi3uent cost vus increased from

iO.PS to $0.^S ptr ,",aL.

THK CP; ;A PKOC:-:SS

T:!U proposed OPFA process (Fig. 10} also consists of tvo-cycl .'S. In the

first-«yele the u.cid is cooled to ltO-Jfb°C5 and 'he uranium is extracted in four

stages with 0.3 to Q.h M OPPA in rui ai ip-iiatic ciluent. Uraniiun is reco-- -ed from

the solvent in three atayes operated at 30°C, by contacting it vith a 10 M

H_PO. solution that contains J.'aCIO ; the chlorate oxidizes the uranium to the

less-ext-raetabi'-.' hexavalent state and affects its transfer to tlv: aqueous phase.

A convenient source of strip solution is the 1*5 to 55$ ̂p^u Product acid froia

the evaporators. Trie strip solution can be loaded with uranium to 15 to 20 g

per liter and after dilution to 6 'A H_FOj, can be fed directly to the second

cycle of the D13PA.-T0P0 process.

SOLVEHT PRiSPABATIOH

The oetylphenylphosphoric acid extractant (Fig- ll) is available cojEnercially

(Mobil Chemical Cowpany) as an approximately equimolar mixture of the mono- and

diacids. This extractant is prepared by reacting 3 moles of octylphenol with

1 mole of P2^s
 an<^ contains a number of impurities in addition to the mono-

and diacids. The nonhomogeneous-looking dark broim to light tan solid mixture,

as received, was heated to atoufc 65°C in order to liquefy and homogenise it
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for sampling. Equal volumes of the sample and 6 U HC1 were then stirred under

reflux at 60°C for 16 hr in order to hydrolyze any pyro acids present. Thorough

elimination of the pyro acids would not be required prior to process use of the

octylphenylphosphoric acid but was necessary for experimental studies since

the pyro acids are extremely powerful, although unstable, uranium extraetants

and their presence could produce misleading extraction results. After hydrolysis,

the viscous mixture was diluted with three volumes of Amsco-li50 diluent to aid

in separation of the phases and then the solvent phase was filtered. This

filtrate, after titration with IlaOH solution to determine the concentrations

of the mono- and diacids, was used as a stock solution.

Table 3 shows a comparison of the uranium extraction power of the OPPA

mixture with that of the DEPA -TOPO solvent. Extraction coefficients with

0.32 M OPPA-Amsco 2*50 were a factor of 3-k higher than with 0.5 M DEPA-

0.125 M TOPO-Aiasco ̂ 50.

In many respects, the effect of process variables, such as HJPO. concen-

tration, temperature, and reagent concentration dependence, is essentially

the same for both processes. Ferric iron is much more strongly extracted by

the OPPA and has an adverse effect on uranium extraction.

PROCESS DEMONSTRATION

A continuous demonstration of the first-cycle flow sheet shown in Fig. 10

was made in bench-scale mixer-settler units. The 0.32 II OPPA-Amsco U50 solvent

was submitted to about 80 complete extraction-stripping cycles. Samples of

solvent, which were removed from the system periodically, showed no appreciable

loss of extraction power with cycling. Titration of the solvent showed that

the sum of the concentration of the mono- and di-OPPA components remained

relatively constant although the mono-OPPA/di-OPPA ratio decreased slightly.
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Preferential loss of mono-OPPA would be expected since batch distribution

measurements have shown that its distribution loss to the aqueous phase is

about 25 parts per million parts of aqueous, whereas the distribution loss

of the di-OPPA is negligible. Typical stage data is shown in Pig. 12. Uranium

recovery from Company D "green" acid in four extraction stages was about 9&%

with an aqueous/organic flov ratio of U/l. More than 9&% of the uranium was

stripped from the erfract which contained 0.30 g U/liter in three stages at

30°C, to give a product solution that analyzed 16.U g U/liter. This corresponds

to a concentration factor across the extraction-stripping system of 225. 1"he

decontamination factor of uranium from iron was about 50. This is adequate

since the DEPA-T0F0 solvent efficiently separates the uranium from iron in

the second cycle.

i'he minimum chlorate consumption, achieved was abuut 0.8 lb per lb of

uranium recovered, a factor of 5 to 6 higher than the stoichiometric require-

ment. We found that the major consumption of chlorate -was not d\ a to the

oxidation of uranium but to a side reaction in which chlorate reacts with

chloride in the acid to produce chlorine and/or chlorine dioxide. When these

gaseous products were contained} by sealing the stripping units from the

atmosphere, much more efficient utilization of the chlorate was achieved.

Also, by operating the stripping units at 30°C and by adding most of the

chlorate, in the form of an almost saturated water solution, to the first

stripping stage (the balance was added to the third stage) more efficient

utilisation of the oxidant was obtained. The addition of sodium chlorate to

the system caused precipitation of sodium silico fluoride, but this did not

cause physical problems.
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Since our tests showed that the mono component was preferentially lost ?!

if
from the solvent, it was apparent that a source of mono-OPPA would be needed

to maintain the proper concentration range during continuous operation. For

this reason, a method was developed to separate the mixture into relatively

pure mono- and diacid fractions. When these fractions were tested alone and i-J

in various combinations, we found that the extraction power of the mixture ;1

"I
was about 15 times greater than either component alone (Table U). As shown ;S

here, the uranium extraction coefficient was about 30 in extractions with N

an equimolar mixture compared to about 2 with either component alone. Also, i$

the coefficient remained approximately constant as the di-mono ratio was :̂

increased from l/l to 7/1. In the tests described here, some of the impurities 1

(non-acidic components) in the original mixture were still present in the 1
•.'1

separated fractions and the mono- and diacids were soluble in Ainsco ^50. ;|

However, in later tests in which essentially all of the impurities had been I

removed, neither the mono- or diacid was soluble in the Amsco U?0 diluent. j

It was obvious that some other component in the commercial mixture was -|

affecting the solubility and possibly uranium extraction. $

CHEMICAL REAGEIJT COSTS l\

Total chemical reagent costs for the process, based on the continuous :|

bench-scale tests using "green" acid containing 0.12 g U^On/l were previously |

estimated to be $0.7l/lb UUOg (Table 5 ) . Thus, if planned stability and

solubility tests confirm our previous data, the OPPA process should have a

significant cost advantage over the DEPA-TOPO Process.

The OPPA process offers three potential advantages over the DEPA-TOPO

process. The OPPA extractant is much less expensive and has a higher extraction

power for uranium than the DEPA-TOPO solvent. In addition it extracts U(IV),



the prevailing oxidation state of uranium in wet-process phosphoric acid

and this eliminates the liquor oxidation step required in the DEPA-TOPO

process. However, the DiiPA-TOPO solvent is knoT/n to "be extremely stable

and this process lias 116031 successfully demonstrated on a pilot-plant scale

at phosphate plants. It is my understanding that several companies are

planning to commercialize this process in the near future. On the other hand,

the potentially more attractive QPPA process has not been proven in a pilot

plant operation and some questions about the solubility and stability of the

OPPA need to be answered.

Because of the wide spread interest in this process, we have recently

started a program in cooperation with Mobil and Allied Chemical companies to

study this extractant. We hope to identify and isolate the Material that

solubilizes the mono- and diacids and to determine the optimum concentration

and ratios for uranium extraction. In addition we plan to make a long term

cyclic test to better define solubility losses and stability of the extractant.

Consideration will also be given to improving the recovery of uranium lost to

the gypsum during calcination.
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. Mo. Title

71-161R2

71-165

71-166R1

69-36-R2

69-32

71-163R1

71-162R1

73-7733

73-8553

73-773U

1 By-Product Uranium Recovery from Wet-Process
Phosphoric Acid (after McGinley) Assumes:
1. 5% per year increase in acid production
after 1970. 2. 90$ dissolution of uranium
from rock averaging 0.015J? u-3°a«

2 DEPA-TOPO Process Flowsheet for Recovery of
Uranium from Wet-Process Phosphoric Acid.

3 Effect of TOPOrDEPA Ratio on Uranium Extraction
e.t 25°C. Conditions: organic and aqueous
phases mixed 5 min at a ratio of 1:1 MND-n-
dodecane.

h Effect of H PO. Concentration on Uranium
Extraction.

5 Effect of Temperature on Uranium Extraction
from Company A Acid with 0.2 M DEPA-0.05 U
T0P0.

6 Effect of DEPA Concentration en Uranium
Extraction. Conditions: organic and aqueous
phases mixed 5 min at a phase ratio of 1:1.
Ratio of T0P0:DKPA in the organic phase was
constant at 1:U.

7 Isotherm for Extraction of Uranium from Wet-
Proceoo Phosphoric Acid with 0.5 M DEPA-
C.125 M TOPO.

8 Demonstration of First-Cycle DEPA-TOPO Flow-
sheet. Hunibers in blocks show concentration
in grams per liter at steady state.

9 Demonstration of Second-Cycle Flowsheet.
Numbers in blocks show concentration in grams
per liter at steady state.

10 OPPA Process Flowsheet for Recovery of Uranium
from Wet-Prccess Phosphoric Acid.

11 Octylphenenyl Phosphoric Acid (OPPA)

12 Demonstration of First-Cycle OPPA Flowsheet.
Numbers in blocks show concentration in grams
per liter at steady state.
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RAFFINATE
I to Fertilizer
Production)

WET PROCESS-
H3PO4

EXTHACTION
(4stoges,

40°-45<>C)

or
NQCIOJ

OXIDATION

EXTRACTION
(3 stages,
25-45°C)

SOLVENT* RECYCLE

REDUCTIVE
STRIPPING

• 12-3 stogos,
5O°C1

PRODUCT
SOLUTION

REDUCTION

SOLVENT** RECYCLE

SCRUBBING

(.2-?i stoges,
25 - 4 5 ' C )

RECYCLE
TO PHOSPHATE

ROCK INCHING
CIRCUIT

*0.5 M D2EHPA-0.IS5 M TOPO"Amseo 450
" * 0 . 3 M D2EHPA —0.075 U TOPO—Amsco 450

H2O

CARBONATE
STRIPPING

_ (2 stages,
35-4 5°C) SOLUTION

3

•co 2
JRLTRATIONU- CALCINATION

I

F i g . ^ Process Flovrsheet for Recovery of Uranium from Wet-Process

Phosphoric Acid.

^̂
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ORNL DWG 71-165

O Orgonic Phass: O.!8L1D2E:HPA-TOPO-NDD
Aqusous Phosa: Pore 5.3M HsP04,0.2g

U/ l i ter

A Organic Phase: 0 .5& D2EHPA-T0P0-NDD
Aqueous Phase: Compony A Acid

I I I L t I 1 I I I I t !

0.3

0.2

O.I
0.0\ 0.02 0.03 0.05 0.1 0.2 0.3

TOPO CONCENTRATION

0.5

Fig« fit Effect of T0P0:D2EiCPA Katio oa Urraiim Extraction at S5*C

Conditions: Organic and aqueous phases mixed 5 tain at a ratio of 1:1.
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0RNL-DW6-7I-I66R1

SO

o o
u 10'
IU

woo.
o

o 10°

X

I 0 1

ooo ORGANIC PHASE- 0.18 M D2EHPA--0.05 M T0P0--NDD
AQUEOUS PHASE- PURE HjPO*. 0.2g U/liier

ORGANIC PHASE" 0.20 M D2EHPA-O.O5 M T0PO--NDD
AQUEOUS PHASE' COMPANY A ACID

I I J_ I
12 13I 2 3 4 5 6 7 8 < 10 II

H,P04 CONCENTRATION IN AQUEOUS (M)

-EFFEeT-CF-«» POi" CONCENTRATION-ONURAMlUNVtXTRAC-TKW-.

Pig. Effect of H3H>4 Concentration on U ânî 2il. Extraction.
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0RNL-DWG-69-36-R2

10 30 4f> 50
TEMPERATURE ( ° C )

60

Fig. J(* Effect of Temperature on Uranium Extraction from Company A

Acid with 0.2 M D2EHPA--0.05 M TOPO—KDD.
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5.3 M H3P04,0.2o
U / liter, 25 °C

O COMPANY A ACID, 43 °C
B ACID,60°C
i

0.3 0.5 I 3

D2EHPA CONCENTRATION (M)

Fig. %> Effect of D2EI5PA Concentration on Uranim Extraction.

Conditions: Organic and aqueous phases mixed 5 rain at a phase ratio

of 1:1. Ratio of TOPO:D2EI3PA in the organic phase vas constant at lih.

.Company A and Company B acid samples were 6 molar in H3P04.
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ORNL-DVVG-69-32

0.8

0.7

0.6

i

O COMPANY A AC1D;43°C
A COMPANY B ACI0;38*C

0.1 0.2

U IN AQUEOUS (g/liter)
7

Fig. "$» Isotherm for Extraction of Uranium from Wet-Process

Phosphoric Acia with 0«5 M D2EHPA—0.125 M TOPO—HDD.
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0.5JWL D2EHPA-0.I25.M TOPO"AMSCO 450 (30ml/mm)

EXTRACTION (40°C) STRIPPING (50*C)

0.04 U

0.007 U

0.10 U

0.02 U

0.19 U 0.32 U

0.04 U 0.07 U

COMPANY A ACID
(60 ml/min) •
O.I7g U/liter

0.075 U

11.8 U
9 FG (I!)

0.016 U

3.5 U
13 Fed!)

15g FeUD/iiier

FIRST-CYCLE
PRODUCT SOLUTION

REDUCTION

(0.7 ml/min)

t
RAFFtNATE

Fig. 8. Demonstration of First-Cycle Flowsheet. Nvmbers in "blocks

show concentration in grams per l i tor at steady state.

^
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ORNL DWG 7I-I62RJ

•|

O.32iD2EHPA-O.O75H TOPO-AMSCO 4 5 0 (lOml/miiO

EXTRACTION 125°C) SCRUB(25*C) STRIPPING <35#C)

0 .52 U
2.1 P0<
0.25 Fc

0.08U

3.0 U
2.8 PO^
0.19 Fe

0.8 U

9.4.U
1.8 P0 4

0.13 Fe

3.9 U

0.07 P0

9.5 P04

0.04 P04

0.44P04

9.7U
0.03 P04

0.12 P04

AUT

0.0I5U

4.1 U
70 MH,
116 C03
0.02 P04

0.1 Fe

SLURRY

RAFFINATE OXIDIZED
FIRST-CYCLE

PRODUCT
SOLUTION

(7.5ml/min)
II.3 gU/liter

WATER
(2ml/min)

»M NH40H
WASH ~

0.009U

1.7 U
50 NH,
66 CO*

ss
0.07 P04

' » • " • " * •

FILTER

AUT

Fig. 9. Demonstration of Second-Cycle Flowsheet. Numbers in

blocks show concentration in grtuas per l i te r at steady state.
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-SOLVENT* RECYCLE-

WET-PROCESS H 3 P0 4

EXTRACTION
(4 STAGES, 40-45°C)

OXIOATIVE STRIPPING
(3 STAGES, 25-30°C)

RAFFINATE
•»

EVAPORATORS

H20

L
PRODUCT
SOLUTION

lDILUTION NoCI03

TO
FERTILIZER,
PRODUCTION

45-55% PZO5

EXTRACTION
(3 STAGES)

-10 M H3P04-

•SOLVENTXS RECYCLE-

j SCRUBBING
*• (2 STAGES)

RECYCLE TO
EVAPORATORS

RECYCLE TO
PHOSPHATE ROCK
LEACHING CIRCUIT

CARBONATE
STRIPPING
{2 STAGES,
35-45°C)

C02

(NH4)2C05

SOLUTION

FILTRATION M J CALC!NAT;OMJ* 0.3-0.4 0PPA-AMSC0 450
* # 0 . 3 M D2EHPA-QO75M " u >

TOPO-AMSCO 450

RECOVERY OF URANIUM FROM WET-PROCESS PHOSPHORIC ACID.
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0 0

RO-P-OH RO-P-OH

OH OR

MONO-ACID PHOSPHATE DI-AC1D PHOSPHATE

CH3 CH3

WHERE, R = CH3-C-CH2-C- £ 3

CH3 CH3

OCTYLPHENYL

NOTE: i. THE OCTYL SIDE CHAIN IS IN PARA
POSITION.

2. THE OCTYL ISOMER IS SPECIFICALLY
1,1,3,3 TETRAMETHYL BUTYL.

n OCTYLPHENYL PHOSPHORIC ACID
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O.32M OPPA-AMSCO 450 (I5ml/min)

EXTRACTION (45°C) STRIPPING (30°C)

0.032U

0.0013U

O.O85U

0.00821)

0.I4U

0.0I7U

0.30U
2.64 Fe

0.037U
lOOFe

>RAFFINATE

0.075U

I6.4U
36.1 Fe

STRIP
PRODUCT
SOLUTION

0.02IU

3.96U

0.005U

0.90U

IOM H3P04

0.2 ml / min —
7g NaC103/!iter

NaCiO3
COMPANY o.OO7mi/mm

0.073gU/ liter

DEMONSTRATION OF FIRST CYCLE FLOY/SHEET
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ANALYSIS OF WET-PROCESS PHOSPHORIC ACID SAMPLES

Acid
from
Company

A

B

C

D

E

P

Rock
Location

Florida

Florida

Florida

Florida

N. Carolina

Western

Type
of

Acid

Brown

Brown

Green

Green

Grsen

Green

U

0.1^-0.17

0.16-0.19

0.10-0.13

0.07-0.09

0.06

0.06

Concentration,

Fa(ll)

0.3-0.8

0.3-2.6

0.2-0.7

2.0-?.p

3.4

2.6

g/liter
Total
Fe

7-10

10-12

6-7

8-9

6.8

4.5

P04

5.O-6.

5.U-6.

5.2-5.

5-5-5.

5.5 M

5.9 M

0

0

3

7

M

M

M

M



ORNLDWG71-17CA

77H3LS2. ESTIMATED CHEMICAL REAGENT COSTS d

Assumptions: Overall recover/ of 95% of the uranium from acid containing
0.17 g of U (0.20 g of U3Og) per liter

Chsmiccl

NaClOg

Iran metal

NaCIO3
C

NH3

C O 2
D2EHPA

TOPO

Orgcnic phase

Total

Consumption

Licruor ox'^afion (firs: cycle)

Stripping

Liquor oxidation ^second cycle)

Stripping

Stripping

Soluble loss to cqueous

Soluble loss to aqueous

Physical losses

Consumption
(lbs/!b U3O8)

1.0

0.5

0.8

0.9

0.8

<0.01

<0.0I

jfijgal
0.3

Cost
Unit Cost (S per Ib of

feS/lb)

10

5

10

4

3

100

jpo)
570 " ^ ^

U3O3 recovered)

0.10

0.03

0.03

0.04

0.02

<0.01
,1000

<0.01

galC fG^-1.71

^ ) - 2 . O i

as-Since the oxygen ufilizction efficiancy in oxidizing with O« has not been established, use of
N3OO3 's c5surr iec ' ' 0 0 50.05
LOSSCJS by enfrainmsnt/ spillage, settler clean-outs, etc., assumed to bef0.03%Jof v/et-process
cji:ic voiume.

CAssumes an extrcctcnt cencenfration of 0.5 M D2EHPA—0.12 JV/TOPO; Amsco 45C cifs0.28

6 d
0.36

devised, 1975.
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Table Xx%. Extraction of Ureniurr. from Crancercicl Phosphoric
Acid Solutions with 0?I$ and DESIutt-TOPO

Organic: 0.32 M OPPA in Amsco fcJO or 0.5 K I£2H2A~0.125 K

TOPO in Amsco 1J50

Aqueous: Vet-process phosphoric acid samples described in

Table I

Conditions: Equal volumes of organic and aqueous phases mixed

5 min at 23'C

•

Company

A

B

C

D

E

P

OPPA6

30

16

29

27

>30

>30

Uranium extraction
coefficient, E°

KEi:i7»-TOP0b

7

5

8

8

12

10

iJranium present as U(IV).

Uraniitn present 3S U(Vl).
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f <f-EFFEC7 0? MOLE RATIO 0? MOJJO- AHD DI- OPJPA ON UHAHIUM EXTRACTION

Organic: Varying ratios or nono- and di- OPPA in Amsco 1*50

Aqueous: Company A acid.

Procedure: Equal volumes of organic ana aqueous mixed 5 min at 25°C

OPPA Co

Mono-

0.200

0.175

O.ijo

0.125

0.100

0.075

0.050

0.025

—

•••centra tion
(M)

Di-

—

0.025

0,050

0.075

0.100

0.125

0.150

0.175

0-200

Phase
Separation

Time
(sec)

900

900

•lOO

3.80

55

50

ko

30

30

Ur«aiuni
Extraction
Coefficient

<E°)

2 . 1

5-3

10

16

30

30

37

30

2 . 3

Concentration
of Fe

in Extract
(g/llter)

0.95

I.08

0.9'4

1.03

1.16

I.fc3

1.1̂ 2

1.13

0-29



77)75/L/S i " ESTBtATSD CHEMICAL REAC3JJT COSTS

Assumptions: Overall recovery of <y% of uraniua froa green acid conteining O-XO g
of uranium (0.12 g of tra00) per l i t e r or about 1 Xb UaO,, per 1000
eal of acid.

Chemical Consumption
Consumption
(lb/lb U308)

Unit Cost Cost ($/lb VjOa
(jj/lb) recovered}

NaC103

OPPA

Organic
Phase

First Cycle

Stripping

Soluble loss to aqueous'

Physical losses

Second Cycle

1.0

0.21

0.30

10

75

ISO,

CIO

0.18

0.36

(Costs estimated froa
previous study) <0-10

Total

aAssu^_es an equiinolar mixture of EO->-I- and di-O?PA vith a purity of 85$ and a steady-
State loss of 25 ppm to the aquecnjij phase.

Losses by enfcrainraenfc, spillage, and sett ler ciean-outs assuiad to be 0.03iJ of tha
acid volune. .

cAssuaes an extractant concentration cf 0-3^ M OPPA; AMSCO lf$0 a t $0.28/gal.


