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Abstract10

Solvent-driven separations may enable scalable concentration of hypersaline brines, supporting a circular resource11

economy from the extraction of lithium and rare earth elements from spent battery and magnet leachates. This work12

analyzes a novel solvent-driven water extraction (SDWE) system employing dimethyl ether (DME) and ultra-low-13

grade heat for brine concentration and fractional crystallization. SDWE exploits DME’s unique properties: 1) a low14

dielectric constant that promotes water solubility over charged solutes by a factor of 103, and 2) a high volatility15

that facilitate efficient DME reconcentration with ultra-low-grade heat. The techno-economic viability of SDWE is16

assessed with a computational framework that encompasses a liquid-liquid separator and a solvent concentrator. We17

integrate the extended universal quasichemical model with the virial equation of state to predict the compositions18

of the complex three-phase DME-water mixture at vapor-liquid and liquid-liquid equilibrium. Subsequently, we19

optimize the thermodynamic and economic performance of SDWE, by controlling the interstage flash pressure, heat20

source temperature, and the number of concentrating stages. DME-based SDWE concentrates an input saline feed to21

5.5 M and regenerates over 99 % of the DME using ultra-low-grade heat below 50 °C, with a DME/water selectivity22

ratio of 125. Our calculations reveal that optimal performance is achieved at interstage flash pressures of 0.4 - 0.523

bar for heat source temperatures between 323 - 373 K, with improved exergetic efficiencies at lower temperatures. At24

a heat source temperature of 323 K and an interstage pressure of 0.489 bar, DME-driven SDWE achieves an optimal25

thermodynamic efficiency of 20.5 % and a projected specific cost of US$ 1.93 m−3. These specific costs suggest that26

SDWE is competitive with commercialized thermal distillation technologies, while mitigating the traditional risks27

associated with scaling in heat and mass exchangers with hypersaline brines.28
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1. Introduction30

Global water scarcity has had a cascading impact on essential human activities, threatening irrigation [1–3],31

energy generation [4, 5], and critical metals extraction for battery and magnet production [6, 7]. By concentrating32

hypersaline brines, freshwater can be reclaimed from industrial wastewater, thereby safeguarding existing freshwater33

supplies from the discharge of polluted effluents [8–12]. Furthermore, brine concentration is instrumental in the34

promotion of a circular resource economy, enabling the recycling of valuable critical materials such as lithium, nickel,35

cobalt, and rare earth elements from spent battery and magnet leachates [7, 9, 13, 14]. These critical minerals36

can also be valorized from various industrial waste brines, including mine tailings, by-products from hydrocarbon37

extraction processes, and leachates from recycling of semiconductor and electronic wastes [7, 14–16].38

Hypersaline brines are usually complex mixtures of inorganic salts, essential metals, and sparingly soluble scalants,39

with total dissolved solid (TDS) concentrations that typically exceed 70 g L−1. As a result, hypersaline brine40

treatment is challenged by the high osmotic pressures and the propensity for scaling and fouling on heat and mass41

exchangers [14, 17]. Membrane processes like reverse osmosis (RO), nanofiltration (NF) and electrodialysis (ED),42

despite being highly energy efficient, faces limitations in processing brines with high salinity due to the operational43

limits of existing membranes and pressure vessels [17, 18] (see Appendix A), and lacks solute-specific selectivity44

necessary for targeted ion extraction [19, 20]. The presence of high concentrations of scale-forming ions (e.g., sulfates45

and phosphates of calcium and magnesium) in these brines further hampers the performance of both thermal-46

and membrane-based desalination processes, including mechanical vapor compression, multi-effect distillation and47

advanced variants of RO and electrodialysis systems, leading to reduced effectiveness [21–23] and salt rejection48

capabilities [17, 19, 24–26].49

As a solution to these issues, solvent-driven water extraction (SDWE) emerges as a potentially viable and efficient50

alternative to extract water and critical metals from hypersaline brines [7, 27–30]. In SDWE, the saline feed is mixed51

with a partially water-miscible organic solvent in a liquid-liquid separator, resulting in the formation of two distinct52

liquid phases [31–33]. Water is then extracted up to thermodynamic equilibrium across the organic-aqueous liquid53

interface, with the dissolved electrolytes remaining in the concentrated brine due to the low dielectric constant of54

the organic solvent [11, 12, 34, 35]. As water is extracted into the organic-rich liquid phase, fractional crystallization55

of sparingly soluble salts may occur in the aqueous-rich phase, such as the selective precipitation of cobalt and56

samarium from spent magnet leachates upon solvent injection [7]. Subsequently, the organic-rich phase, now laden57

with water, is physically separated and regenerated to produce both purified water and reconcentrated solvent [36, 37].58

A key advantage of SDWE is the physical segregation of the critical mass transfer process of water extraction from59

downstream heat exchangers and membranes [24, 35, 38]. This significantly reduces the risk of scalant precipitation60

and foulant deposition on crucial system components, presenting a more sustainable and operationally efficient61

method to handle high-salinity brines [14, 38, 39].62

Recent studies have explored various solvents for use in solvent-driven water extraction, aiming to enhance water63

recovery, improve salt rejection, and boost energy efficiency during solvent regeneration [16, 40–46]. In these studies,64

dimethyl ether (DME), a polar aprotic solvent, has shown considerable promise as an effective organic desiccant due65

to its partial water miscibility and molecular characteristics conducive to near-complete salt rejection and efficient66

recovery of water from the solvent [14, 24, 31, 47–49]. To date, DME has been experimentally validated to separate67
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Figure 1: Schematic diagram illustrating a solvent-based water extraction system for brine concentration that is powered by ultra-low-

grade heat. First, the hypersaline feed brine is contacted with liquefied dimethyl ether (DME) at a pressure above its vapor pressure in a

liquid-liquid extractor [24]. Here, water is selectively extracted across a liquid-liquid interface between the bulk organic and aqueous feed

streams, protecting the downstream heat and mass exchangers from scaling complications [14]. Next, the water-laden organic stream is

siphoned out and concentrated with a regeneration stage. The organic stream is throttled, and heat from a thermal reservoir is supplied to

enhance spontaneous DME vaporization. The low vapor-liquid-liquid equilibrium temperature of DME allows the use of ultra-low-grade

heat (T ≤ 50◦C). The DME vapor is condensed in subsequent solvent concentration stages, and the recaptured latent heat is leveraged

to vaporize additional DME from the retentate stream. The process is repeated until >99 % of the DME is recovered.

and recycle samarium and cobalt from spent magnet leachates [7], to fractionally crystallize calcium sulfate for68

aqueous waste descaling [31, 50], to extract water and produce a concentrated NaCl brine [24], and as a desiccant for69

the drying of biomass [51]. Recent experimental and molecular dynamics investigations suggest that dimethyl ether70

promotes fractional crystallization as an anti-solvent, by selectively extracting water from the aqueous-rich phase71

and inducing supramolecular saturation of the sparingly soluble salt [39, 46]. The properties of DME, notably its low72

dielectric constant (ϵDME < 5), high volatility (vapor pressure > 5.9 bar at STP), and relatively low boiling point73

(269 K at 1 bar), are beneficial in minimizing the solubility and entrainment of inorganic electrolytes in the organic74

phase [31, 46, 52], allowing a circular solvent economy to be realized with thermally-driven systems. As illustrated75

in Fig. A.9, these distinct properties consequently enable the efficient regeneration of the solvent, which may be76

achieved with unconventional energy sources and ultra-low-grade heat [9, 32, 53].77

Industrial activities such as drying, heating, and combustion produce waste heat in many forms, including vapors,78

fumes, exhaust gases, and wastewater [54, 55]. The chemical production and power generation sectors have attempted79

to harness waste heat for improved process efficiency, but a large proportion of it, often emanating from furnaces,80

motors, refrigeration systems, boilers, and other machinery, is unavoidably released into the environment [56–58].81

Approximately 60 % of waste heat is categorized as ultra-low grade, with temperatures ranging between ambient82

and 80 °C [59, 60]. The properties of dimethyl ether, particularly its high volatility and low boiling point, enable83

DME-water mixtures to achieve vapor-liquid equilibrium at temperatures between 7 °C and 47 °C [47]. As shown in84

Fig. 1, these attributes make it feasible to use ultra-low-grade heat for reconcentrating DME following the extraction85

of water from hypersaline brines [14, 24].86

In this study, we explore the technical and economic feasibility of using DME for solvent-driven water treatment87
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that is powered by ultra-low-grade heat sources. For brine concentration, an increased rate of DME feed maximizes88

water extraction [24], whereas fractional crystallization requires a precise, minimal introduction of DME to promote89

salt displacement in the aqueous-rich phase [7, 50]. Regardless of its application in brine concentration or fractional90

crystallization, the critical challenge remains that of DME regeneration from the organic-rich phase at liquid-liquid91

equilibrium[14]. Consequently, we focus on quantifying the energetic and economic cost of DME regeneration to92

facilitate a circular solvent economy, while employing NaCl mixtures as a model solution to elucidate the impact93

of feed salinity. We develop a multi-phase equilibrium model that integrates the extended universal quasichemical94

model [61–63] with the virial equation of state [64, 65] to accurately predict the composition of DME-water mixtures95

at both vapor-liquid and liquid-liquid equilibrium. Further, we examine the influence of various process variables, such96

as interstage flash pressure, heat source temperature, and the number of concentration stages, on the thermodynamic97

efficiency of the proposed SDWE unit. Finally, we conduct a preliminary techno-economic analysis to determine the98

specific cost of water recovery with our proposed DME solvent concentrator, comparing it with the anticipated costs99

of commercial thermal distillation technologies currently used in resource extraction from hypersaline brines.100

2. Mathematical Model101

2.1. Thermodynamic models for phase equilibrium calculations102

In solvent-driven water extraction (SDWE) from brines, a polar aprotic solvent is first contacted with the saline103

feed solution, which selectively solvates water into the organic-rich stream, while retaining the inorganic solutes in104

the aqueous-rich stream in the liquid-liquid extractor (Fig. 2A) [24, 34, 38]. In this work, dimethyl ether (DME)105

is chosen due to its low polarity and strong ability to form asymmetric hydrogen bonds with water, an apposite106

combination that favors water solubility over charged ions by a factor of 103 [31, 46]. The salt rejection, water107

recovery and brine concentration ratios that are attainable by a liquid-liquid extractor is governed by the phase108

composition of the organic and aqueous-rich phases at thermodynamic liquid-liquid equilibrium (LLE) [35].109

To achieve LLE in an isobaric - isothermal ensemble (NPT ensemble in statistical thermodynamics), isoactivity110

conditions between each chemical species present in both liquid phases must be satisified (see Appendix B for111

thermodynamic derivations). Mathematically, the isoactivity constraint can be expressed as:112

γaq,liqi (T,xaq,liq) xaq,liqi = γorg,liqi (T,xorg,liq) xorg,liqi (1)

where i ∈ {H2O (water), CH3OCH3 (dimethyl ether)}, T [K] represents the equilibrium temperature at LLE, γaq,liqi [-]113

and γorg,liqi [-] represent the activity coefficient of species i in the aqueous- and organic-rich streams, xaq,liqi [-] and114

xorg,liqi [-] denote the absolute mole fraction of species i in the aqueous- and organic-rich streams, respectively.115

Here, the species activity coefficients are calculated based on an excess Gibbs free energy formulation, which will be116

described in Section 2.1.1.117

Following liquid-liquid extraction with DME, the water-laden organic-rich stream is siphoned out and passed118

into a solvent concentrator, as illustrated in Fig. 1. In the first stage, the water-laden DME stream is throttled to119

induce vapor-liquid (VLE) or vapor-liquid-liquid equilibrium (VLLE), and heat from a thermal reservoir is supplied120

to enhance spontaneous DME vaporization. In each subsequent solvent concentration stage, as depicted in Fig. 2B,121

the retentate stream from the previous stage is throttled, attaining VLLE (or VLE) at a temperature that is lower122
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Figure 2: (A) Schematic diagram illustrating the molar flow rate, temperature and mole fraction of the input and output streams of the

hypersaline feed brine and the organic solvent. The molar flow rate and mole fraction of the output organic and aqueous streams are

calculated based on isoactivity thermodynamic constraints [24]. (B) Schematic diagram illustrating the material balance across the ith

stage of the solvent concentrator. Here, the retentate stream from the (i−1)th stage is throttled, attaining vapor-liquid-liquid equilibrium

at a lower temperature, and establishing a temperature gradient across the heat exchanger. The distillate stream from the (i− 1)th stage

condenses within the lumen of the heat exchanger, and the latent heat is captured to distill DME from the retentate stream.

than the input distillate stream [46]. The distillate stream, consequently, condenses within the lumen of the heat123

exchanger, and the latent heat is captured to distill additional DME from the retentate stream [21]. Here, the124

high vapor pressure and volatility of DME allows VLE or VLLE to be attained at temperatures ranging between125

280–305 K, enabling ultra-low-grade or waste heat sources (T ≤ 50◦C) to be leveraged for the rapid and efficient126

recovery of DME [24]. The distillate and retentate temperatures, and the DME recovery ratio at each concentration127

stage is governed by the equilibrium compositions at VLE or VLLE.128

For VLE, in an NPT ensemble, each chemical species present in the liquid and vapor phases must obey the129

isofugacity constraint (see Appendix B for thermodynamic derivations). Mathematically, the isofugacity constraint130

at VLE can be expressed as:131

γliqi (T,xliq) xliqi P sat
i = ϕvapi (T, P,xvap) xvapi P (2)

where i ∈ {H2O (water), CH3OCH3 (dimethyl ether)}, P sat
i [Pa] denotes the saturation pressure of the pure species i,132

and ϕvapi [-] represents the fugacity coefficient of species i in the vapor phase. The fugacity coefficients are estimated133

based on the virial equation of state, which will be discussed in Section 2.1.2. For VLLE, the isoactivity and134

isofugacity constraints (Eqs. 1 and 2) are solved simultaneously to obtain the equilibrium composition of the vapor,135

organic-rich and aqueous-rich liquid phases, as illustrated in Fig. 3.136

2.1.1. Estimating species activity with the extended UNIQUAC equations137

The extended universal quasichemical (eUNIQUAC) model is used to capture the thermodynamic non-idealities138

arising from solute-solute and solvent-solute interactions [61–63, 66]. The excess Gibbs free energy of the mixture139

is composed of: 1) a combinatorial term quantifying the entropic contributions from the mixing of solutes with140

varying sizes and shapes; 2) a residual term quantifying the enthalpic contributions from the solute-solute energetic141
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interactions and; 3) a Debye-Hückel term quantifying from the long-range electrostatic interactions between charged142

solutes. The eUNIQUAC equations are condensed in Eqs. 3–6.143

Gex = Gex
res +Gex

comb +Gex
DH (3)

Gex
res

RT
=

∑
i

xi ln

(
ψi

xi

)
+
z

2

∑
i

qixi ln

(
θi
ψi

)
(4)

Gex
comb

RT
= −

∑
i

qixi ln

∑
j

θjτji

 (5)

Gex
DH

RT
=

4xwMwADH

b3DH

[
ln
(
1 + bDHI

1/2
m

)
− bDHI

1/2
m +

b2DHIm
2

]
(6)

where ψi [-] = (xiri)/(
∑

j xjrj), θi [-] = (xiqi)/(
∑

j xjqj), τji [-] = exp(−(uji−uii)/T ), Im [mol m−3] = 0.5
∑

imiz
2
i ,144

ADH [g mol−1] = 1.131 + (1.335× 10−3)× (T − T0) + (1.164× 10−5)× (T − T0)
2 and bDH [g mol−1] = 1.5.145

Subsequently, the rational activity coefficients can be calculated by taking the partial molar derivative of the146

excess Gibbs free energy, as described by Eqs. 7–8.147

ln γi = ln γi,res + ln γi,comb + ln γi,DH (7)

= ln

(
ϕi
xi

)
+ 1− ϕi

xi
− zqi

2

[
ln

(
ϕi
θi

)
+ 1− ϕi

θi

]

+ qi

1− ln

∑
j

θjτji

−
∑
j

θj
τji∑

k θkτkj


+

{
2ADHMw

b3DH

[
1 + bDHI

1/2
m − (1 + bDHI

1/2
m )−1 − 2 ln(1 + bDHI

1/2
m )

]}
(8)

where γi,res[-], γi,comb[-] and γi,DH [-] denote the activity coefficients from the residual, combinatorial and electrostatic148

contributions, respectively. The fidelity of the eUNIQUAC model in predicting the activity coefficients of water and149

DME have been documented in Fig. 3 and our prior publications [24, 66].150

2.1.2. Calculating vapor fugacity with the virial equation of state151

The virial equation of state is leveraged to calculate the fugacity coefficients of the species in the vapor phase at152

VLE and VLLE. Similar to the concept of activity coefficients, the fugacity coefficients quantify the deviations from153

thermodynamic ideality arising from solute-solute interactions in the vapor phase [65]. Here, fugacity coefficients are154

estimated based on the second virial coefficients, which are calculated using the method and mixing rules as proposed155

by Tsonopoulos [64], as depicted in Eqs. 9–14.156

Bi,i =
RTc,i
Pc,i

(
f
(0)
i (Tr,i) + ωif

(1)
i (Tr,i) + f

(2)
i (Tr,i)

)
(9)

Bi,j(Tr,i,j) =
RTc,i,j
Pc,i,j

(
f
(0)
i (Tr,i,j) + ωif

(1)
i (Tr,i,j) + f

(2)
i (Tr,i,j)

)
(10)

f
(0)
i (Tr,i) = 0.1445− 0.330T−1

r,i − 0.1385T−2
r,i − 0.0121T−3

r,i − 0.000607T−8
r,i (11)

f
(1)
i (Tr,i) = 0.0637 + 0.331T−2

r,i − 0.423T−3
r,i − 0.008T−8

r,i (12)

f
(2)
i (Tr,i) = aiT

−6
r,i − biT

−8
r,i (13)

ln(ϕi) =

[
2

vi
(xiBi + xjBi,j)

]
− ln

(
Pvi
RT

)
(14)

6



where Bi,i [-] and Bi,j [-] denote the self and cross second virial coefficients, Tc,i [K] and Pc,i [Pa] represent the critical157

temperature and pressure of species i, Tr,i [K
−1] denotes the reduced temperature of species i, vi [m

3 mol−1] denotes158

the molar volume of species i and ωi [-] represents the accentricity factor of species i. The fugacity and activity159

coefficients have been used in conjunction to successfully correlate the phase compositions at VLE and VLLE, as160

illustrated in Fig. 3 and our prior publication [66].161

2.2. Process models for system energy consumption162

The thermodynamic performance of the proposed low temperature heat-driven DME extraction system is eval-163

uated with a process model that has been implemented and solved with numerical algorithms in Python [67]. The164

enthalpy and entropy of the DME-water mixture necessary to evaluate the thermal and electrical energy consumption165

(see Section 2.2.1) are calculated based on the validated excess Gibbs free energy model. The process model (see166

Section 2.2.2) adheres to the core validated assumptions that have been widely used to evaluate thermal distilla-167

tion systems for saline water desalination [21, 22, 68] and solvent regeneration [69, 70]. The sequence of numerical168

algorithms is summarized in Fig. D.10.169

2.2.1. Calculating mixture enthalpy and entropy170

When the water-laden DME stream exiting from the liquid-liquid extractor in Fig. 2A is flashed to a lower pressure,171

the DME-water mixture can separate into as many as three distinct phases at vapor-liquid-liquid equilibrium [47,172

71, 72]. The three phases are the vapor, organic-rich liquid, and aqueous-rich liquid phases, which are abbreviated173

with the superscripts “vap”, “org,liq” and “aq,liq”, respectively. The mixture enthalpy for each of the three phases,174

at a given temperature, pressure and mole fraction, can be computed as the sum of pure component enthalpy and175

the excess enthalpy of mixing, as depicted in Eq. 15. The pure component enthalpy and entropy of water and DME176

are calculated using the Helmholtz free energy equation of state [73], as implemented in REFPROP [74].177

The excess enthalpy of water and DME can be expressed in terms of the activity coefficients with the Gibbs-178

Helmholtz equation and subsequently calculated with the eUNIQUAC model [61]. Here, the partial molar derivative179

of the activity coefficient in Eq. 15 is calculated with a backward finite difference scheme. Similarly, the mixture180

entropy of the DME-water mixture in a given phase at VLLE can be calculated with the pure and excess entropies,181

as described in Eq. 16 [61].182

H
(phase)
mix =

∑
i

x
(phase)
i H

(phase)
i −RT 2

∑
i

x
(phase)
i

∂

∂T

(
ln γ

(phase)
i

)
P,xi

(15)

S
(phase)
mix =

∑
i

x
(phase)
i S

(phase)
i −R

∑
i

xi ln
(
γ
(phase)
i x

(phase)
i

)
(16)

where (phase) ∈{“vap”, “org,liq”, “aq,liq”}, H(phase)
mix [J mol−1] and S

(phase)
mix [J K−1 mol−1] denote the mixture183

enthalpy and entropy of the DME-water mixture for a given phase at VLLE, and H
(phase)
i [J mol−1] and S

(phase)
i184

[J K−1 mol−1] represent the pure component enthalpy and entropy of species i. Thereafter, the total enthalpy and185

entropy of the DME-water mixture can be calculated by summing the contributions from the three distinct phases186
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at VLLE [75], as described in Eq. 17 and 18:187

Hmix = ξvapHvap
mix + (1− ξvap)ξorg,liqHorg,liq

mix + (1− ξvap)(1− ξorg,liq)Haq,liq
mix (17)

Smix = ξvapSvap
mix + (1− ξvap)ξorg,liqSorg,liq

mix + (1− ξvap)(1− ξorg,liq)Saq,liq
mix (18)

ξvap =
Nvap

Nvap +Norg,liq +Naq,liq
(19)

ξorg,liq =
Norg,liq

Norg,liq +Naq,liq
(20)

where Hmix [J mol−1] and Smix [J K−1 mol−1] represent the total enthalpy and entropy of a DME-water mixture at188

VLLE, and ξvap [-] and ξorg,liq [-] represent the vapor and organic-liquid quality at VLLE, respectively. We emphasize189

that the vapor and organic-liquid qualities are distinct from the mole fractions or compositions of the three phases.190

Here, as described in Eq. 19, the vapor quality is defined as the total molar amount of DME and water that exists191

in the vapor phase relative to the total molar amount of DME and water in the mixture [75]. The expression for192

vapor quality agrees with the conventional definition of quality at the vapor-liquid equilibrium of a pure species [75];193

ξvap tends toward zero when no vaporization of the liquid occurs, and ξvap tends toward one as the mixture is fully194

vaporized. Similarly, as described in Eq. 20, the organic-liquid quality is defined as the total molar amount of DME195

and water that exists in the organic-rich phase relative to the total molar amount of DME and water in the collective196

liquid phases [75]; ξorg,liq approaches zero if the mixture only forms a single aqueous-rich liquid phase at equilibrium197

(VLE), and ξorg,liq approaches one if the mixture forms a single organic-rich liquid phase instead. Together, ξvap198

and ξorg,liq define the molar partitioning of a DME-water mixture in an equilibrium state.199

2.2.2. Estimating distillate and retentate compositions with species and energy conservation200

Here, we develop the process model that is used to estimate the thermodynamic efficiency and specific heat201

transfer area necessary for DME regeneration. This model leverages the same principles that have been widely202

adopted to simulate thermal distillation systems for water desalination [18, 21, 22, 33]. The assumptions include:203

1. Steady-state operation across the throttling valves, heat exchangers, condensers and compressors.204

2. The composition of the distillate and retentate streams are determined by the equilibrium compositions at205

vapor-liquid-liquid equilibrium.206

3. The heat exchanger in each stage is sufficiently large to allow the full condensation of the input distillate stream207

(i.e., output vapor quality = 0).208

4. Condensation of the distillate from the previous stage occurs isothermally at the saturation temperature within209

the lumen of the heat exchanger.210

5. Negligible heat, energy and material are lost to the environment.211

6. Negligible heat is generated by friction and similar losses.212

7. The heat transfer coefficient is averaged over the length of the heat exchanger in each stage.213

8. The thermodynamic properties of the DME-water mixture are constant in each stage and are a function of the214

stage temperature, pressure, and molar composition at equilibrium.215

A schematic diagram of the heat-driven DME regeneration system is presented in Fig. 1, and the material and216

energy transport across each recovery stage is delineated in Fig. 2B. In each stage, the retentate stream from the217
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previous stage separates into vapor and liquid streams at VLLE or VLE. Under steady state operation, the total218

molar flux of the DME-water mixture is conserved between the input and the output retentate and distillate streams,219

as governed by Eq. 21. Further, the conservation of species requires that the molar flux of both species is constrained,220

as represented by Eq. 22:221

Ṅret,i−1 = Ṅdist,i + Ṅret,i (21)

Ṅret,i−1xret,i−1 = Ṅdist,ixdist,i + Ṅret,ixret,i (22)

where xdist,i [-] represents the composition of the vapor phase at VLLE/VLE, xret,i represents the composition of222

the liquid phase at VLLE/LLE, and Ṅdist,i [mol s−1] and Ṅdist,i [mol s−1] denote the molar flux of the distillate and223

retentate streams for the i-th stage of the recovery system, as depicted in Fig. 2B. Based on the compositions at224

vapor-liquid equilibrium, the distillate vapor has a DME purity that exceeds 99 % [47, 71, 72]. The distillate stream225

exiting from the (i− 1)-th concentration stage enters the lumen-side of the heat exchanger in the i-th concentration226

stage, where it subsequently condenses to form a saturated liquid. The latent heat of condensation is re-captured to227

distill additional DME from the retentate stream, as described by Eq. 23:228

Q̇latent,i = Ḣret,i−1(Teq,i, ξ
vap = 1)− Ḣret,i(Teq,i, ξ

vap = 0) (23)

where Q̇latent,i [J s−1] represents the captured latent heat of vaporization from the i-th concentration stage.229

In each concentration stage, the equilibrium temperature, and the vapor and organic-liquid qualities are solved230

simultaneously with a constrained trust-region optimization method that is implemented with the Scipy package in231

Python [67]. The optimization problem is formulated in Eq. 24, and includes the constraints on the equilibrium232

temperature, entropy change of the mixture and the conservation of the two species. The inputs to the optimizer233

include the final pressure following flashing, the initial enthalpy of the retentate stream and the latent heat released234

from the condensation of the distillate stream. The enthalpies and entropies of the output distillate and retentate235

streams from each concentration stage can be calculated based on the derived equilibrium temperature, and the236

vapor and organic-liquid qualities.237

Teq,i, ξ
vap
i , ξorg,liqi = argmin

Teq,ξvap,ξorg,liq

{∣∣∣Ḣmix(Teq, ξ
vap, ξorg,liq)−

(
Ḣmix(Teq,i−1, ξ

vap
i−1, ξ

org,liq
i−1 ) + Q̇latent,i

)∣∣∣
2

}
(24)

s.t. Teq,i > TV LLE(Peq,i), for vapor-liquid equilibrium

Teq,i < TV LLE(Peq,i), for liquid-liquid equilibrium

Teq,i = TV LLE(Peq,i), for vapor-liquid-liquid equilibrium

Ṅi =
[
ξvapi xvapi + (1− ξvapi )ξorg,liqxorg,liqi + (1− ξvapi )(1− ξorg,liqi )xaq,liqi

]
Ṅmix

Ṡmix(Teq,i, ξ
vap
i , ξorg,liqi ) > Ṡmix(Teq,i−1, ξ

vap
i−1, ξ

org,liq
i−1 )

where Teq,i [K] denotes the equilibrium temperature of concentration stage i, and ξvapi [-] and ξorg,liqi [-] represent238

the output vapor and organic-liquid quality in concentration stage i.239

Lastly, the amount of thermal energy consumed to recover 99 % of the input DME can be calculated based on240

an energy balance across the first concentration stage, as described by Eq. 25241

Q̇in = Ḣret,1(Teq,1, xret,1) + Ḣdist,1(Teq,1, xret,1)− Ḣret,0(Teq,0, xret,0) (25)
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where Q̇in [J s−1] represents the heat input from an external thermal reservoir in the first concentration stage.242

In addition, electrical work is consumed to compress the distilled vapor in each concentration stage, and it is243

affected by boiling point elevation of DME. As a result of the favorable intermolecular interactions between DME and244

water, the chemical potential of DME is lowered in the liquid phase, thereby elevating the boiling point temperature245

of DME [22, 75]. The distilled DME vapor in each concentration stage, consequently, will be superheated by246

a temperature that is equal to the induced boiling point elevation [23]. To maintain the temperature difference247

between the condensate and retentate in subsequent concentration stages, the distillate streams are compressed to248

the saturation pressure of the superheated vapor [76, 77]. The total electrical work consumed is the sum of the249

compression work in all of the concentration stages and the pumping power required to circulate the liquid DME250

condensate stream back to the liquid-liquid separator, as described by Eq. 26251

Ẇin =

Nt∑
i

Ẇcomp,i

ηis
+

Nt∑
i

Ṅcond,i∆Pflow

ρiηpump
(26)

where Ẇin [J s−1] represents the electrical power consumption, Ẇcomp,i [J s−1] denotes the isentropic electrical power252

consumed in stage i, ηis [-] and ηpump [-] represent the isentropic efficiency of the compressor and the pump, and253

Nt [-] represents the total number of concentration stages. In accordance with literature conventions, we adopt254

∆Pflow = 0.2 bar, ηis = 0.8 and ηpump = 0.9 in this work [77, 78].255

2.3. Performance metrics for system analysis256

The temperature, vapor and organic-liquid quality, and thermal and electrical energy consumption at each con-257

centration stage are calculated and used to evaluate the techno-economic viability of a DME-based solvent-driven258

water extraction system. We discuss the metrics for thermodynamic efficiency in Section 2.3.1 and framework for259

estimating the specific cost of water extraction in Section 2.3.2.260

2.3.1. Metrics for thermodynamic efficiency261

Here, following literature conventions [21, 32, 33, 77, 79], the specific thermal and electrical energy consumption262

are calculated with respect to the volume of water extracted after the last concentration stage, as described in Eq. 27263

and 28264

SECT =
Q̇in

ṄNt

(27)

SECE =
Ẇin

ṄNt

(28)

where SECT [kWh m−3] and SECE [kWh m−3] denote the specific thermal and electrical energy consumption,265

respectively. The thermodynamic (Second Law) efficiency, which is defined here as the ratio of the least work of266

separation to the actual exergy consumed [18], is calculated from the thermal and electrical energy input, as described267

in Eq. 29268

ηII =
Ġret,0 −

(
Ġret,Nt

+
∑Nt

i=1 Ġdist,i

)
Ẇin + Q̇inηIrev

(29)

where ηII [-] denotes the thermodynamic (Second Law) efficiency relative to a reversible process. Here, ηIrev[−] =269

1 − Tds

Ts
represents the Carnot efficiency of a reversible power generation cycle relative to a dead state temperature270
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(Tds = 298.15 K), and is used to calculate the exergetic value of the heat input [18, 21, 78]. The Gibbs free energy271

of the respective streams is calculated from the mixture enthalpy and entropy, as previously described in Eq. 17 and272

18. Lastly, the specific area necessary for DME regeneration is the cumulative sum of the heat transfer area in the273

concentration stages, as expressed by Eq. 30274

Asp =
1

Ṅret,Nt

[
Q̇in

U1(Teq,source − Teq,1)
+

k∑
i=2

Q̇latent,i

Ui(Teq,i−1 − Teq,i)

]
(30)

where Asp [m2 m−3] represents the specific area per unit volume of water extracted, Ṅret,Nt [mol s−1] denotes the275

output flow rate of the recovered water, and Ui [W m−2 K−1] represents the heat transfer coefficient, which is276

estimated based on the Nusselt number correlations proposed for corrugated heat exchangers [10, 21, 22]. Here,277

the specific area was chosen as the key metric to estimate capital costs of constructing thermally driven systems, in278

accordance with literature conventions [21, 68]. In this analysis, the heat exchanger area is derived from the latent279

heat required to vaporize the DME-rich solution, rendering the specific area of proposed solvent concentration system280

effectively independent of the heat source type.281

2.3.2. Metrics for economic feasibility282

In this work, we adapt a techno-economic model that has been used to investigate multi-effect distillation for283

zero-liquid discharge desalination to project the specific cost of DME recovery with our proposed system [21]. The284

hyperparameters of the techno-economic model are summarized in Appendix E. Here, the capital cost, which285

includes the cost of the pumps, compressors, heat exchangers, throttle valves and pipes, is assumed to scale linearly286

with the specific heat exchanger areas [21]. The net annual capital cost of the equipment is amortized over a period287

of 15 years and is normalized with an annuity factor (AF) that is calculated based on the prevailing interest rate of288

the central bank in a particular country, as expressed in Eq. 31 and 32289

CapEXyr =

∑
i C

Cap
i

AF Nret,yr
(31)

AF =
1−

(
1

1+r

)T

r
(32)

where CCap
i ∈ {Cpump, Ccomp, Chx, Cvalve, Cpipe}, CapEXyr [US$ m−3] denotes the annual capital cost, r [-290

] represents the annual interest rate, AF [-] represents the annuity factor, and T [-] is the number of years for291

capital amortization. We note that the techno-economic model considers neither legal, permitting and siting, and292

consultancy costs, nor other indirect capital costs arising from insurance, contingency and freight, due to a dearth of293

publicly available information [21, 57, 80]. The operating cost is the sum of the cost of thermal and electrical energy294

consumption and estimated miscellaneous costs for chemicals (including make-up DME), labor and maintenance, as295

expressed in Eq. 33. The specific cost of water extraction is the sum of the capital and operating costs, as given by296

Eq. 34297

OpEXyr =
∑
i

COp
i (33)

Csp,yr = CapEXyr +OpEXyr (34)

where COp
i ∈ {Ctherm, Celec, Cchem, Clabor, Cmaint}, and OpEXyr [US$ m−3] represents the annual specific operating298

cost, and Csp,yr [US$ m−3] denotes the specific cost per unit volume of water extracted.299
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Figure 3: (A) Liquid-liquid equilibrium temperature as a function of the NaCl mole fraction and NaCl-free water mole fraction. The

experimental data are obtained from Holldorff and Knapp [47] and McNally et al. [31]. The maroon and blue contoured lines represent

the organic- and aqueous-rich phases, respectively. A prominent “salting-out” effect is observed in the presence of salt, which reduces

the water uptake capacity of DME. (B) Plot of the vapor-liquid equilibrium pressure as a function of the NaCl-free water mole fraction.

The experimental data are obtained from Holldorff and Knapp [47], and Pozo et al. [71, 72]. The beige area represents the region of

vapor-liquid-liquid equilibrium.

3. Results and Discussion300

3.1. Inducing spontaneous vaporization of dimethyl ether with small flash pressures301

In solvent-driven water extraction, as illustrated in Fig. 1, the organic solvent first contacts a hypersaline feed302

stream in a counter-current liquid-liquid separator [24]. As delineated in our prior publication, a counter current303

liquid-liquid separator can be modeled with n equilibrium stages, where the aqueous- and organic-rich streams are304

in local liquid-liquid equilibrium (LLE) in each stage [24]. The water content of the DME-rich stream increases in305

each stage, as water is absorbed from the aqueous-rich across the liquid-liquid interface. Simultaneously, the water306

content in the aqueous-rich stream decreases, and the NaCl concentration consequently increases with increasing307

stages until it exits the liquid-liquid separator as a concentrated brine. Our prior experimental measurements show308

that DME selectively extracts water over NaCl into the organic-rich phase, as a result of its low dielectric constant309

of 5.34 at a temperature of 304 K [31]. The concentration of NaCl in the product organic-stream, consequently,310

is over three orders of magnitude lower than the NaCl concentration in the saline feed brine, and may fall below311

the detection limits of inductively coupled plasma optical emission spectroscopy (ICP-OES) for lower salinity feed312

solutions [24, 31, 46].313

Even though NaCl does not partition readily into the DME-rich stream, the presence of inorganic solutes in314

DME-water mixtures has a profound impact on the equilibrium composition of the aqueous- and organic-rich phases315

at LLE (see Fig. 3A). Small inorganic charged solutes like NaCl hydrolyse readily in polar solvents like water,316

thereby reducing water’s chemical potential in the aqueous-rich phase at equilibrium [81, 82]. The reduction in the317

chemical potential of water, consequently, facilitates a reduction of the water solubility in the DME-rich phase at318

LLE, which is a phenomenon known as the “salting-out” effect [46, 83]. For instance, as the NaCl mole fraction319

in the hypersaline feed stream increases from 0.02 (1.0 mol L−1) to 0.08 (4.0 mol L−1), the salt-free mole fraction320
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Figure 4: Vapor and organic liquid quality at vapor-liquid-liquid equilibrium for a dimethyl ether (DME) stream flashed from an initial

pressure of 6 bar. The DME is the water-laden output organic stream from an upstream liquid-liquid extractor that has been contacted

with a hypersaline NaCl brine at a mole fraction of: (A) 0.02; and (B) 0.08.

of DME in the aqueous-rich phase decreases from 0.092 to 0.037, while the modeled mole fraction of water in the321

organic-rich phase decreases from 0.140 to 0.090. As a consequence, the NaCl concentration of the saline feed stream322

limits the attainable water recovery in a liquid-liquid separator. This effect dictates the amount of DME recovery323

that is required after liquid-liquid extraction.324

As illustrated in Fig. 1, a high purity DME stream can be regenerated from the water-laden organic-rich stream325

exiting from the liquid-liquid separator, through a series of heat-driven concentration stages. In this work, we aim326

to exploit the large differences in the volatility between water and DME for rapid and efficient organic solvent327

recovery following liquid-liquid extraction. Fig. 3B illustrates the phase compositions of a DME-water mixture at328

vapor-liquid and vapor-liquid-liquid equilibrium, as a function of the pressure and temperature [47, 71, 72]. The329

horizontal lines within the beige band depict the three phase (VLLE) region, while the upper and lower curves for330

each temperature represent the bubble and dew point curves, respectively. In other words, the DME-water mixture331

exists as a single liquid phase at pressures above the bubble point curve, and exists as a single vapor phase when the332

pressures are below the dew point curve. At a VLE temperature of 293 K, we observe that the DME composition333

of the vapor phase exceeds 99.5 %, at equilibrium pressures above 2 bar [47, 71, 72]. This large relative volatilty334

between DME and water can be leveraged to recover high purity DME at temperatures of 323 K or lower. Further,335

as the equilibrium temperature increases from 273 K to 323 K and greater, the purity of the DME vapor decreases336

from 99.5 % to 98 % over the same pressure intervals. As the temperature increases towards the boiling point of pure337

water, the relative volatilty between DME and water decreases, resulting in more water partitioning into the vapor338

phase at VLE [47]. Consequently, a more efficacious recovery of high purity DME is enabled with lower VLE/VLLE339

temperatures (T ≤ 50◦C), enabling the use of ultra-low-grade heat from low-temperature heat reservoirs [70, 78].340

For a DME-water mixture that exists in VLE or VLLE, excess thermal energy must be supplied to enhance DME341

vaporization, by driving the equilibrium point rightward, to achieve >99 % DME recovery [21, 68, 84]. As discussed342
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in Section 2.2.1, the equilibrium point of a DME-water mixture at VLLE is defined by the vapor and organic-liquid343

qualities. Here, we stress that the vapor and organic-liquid qualities are distinct from the composition of the vapor344

and liquid phases at VLLE. The former defines the molar amounts of DME and water that exist in the vapor and345

organic-rich liquid phases, while the latter describes the ratio of DME relative to water in the vapor and liquid346

phases [75]. Fig. 4 illustrates the vapor and organic-liquid qualities of a DME-water mixture at vapor-liquid-liquid347

equilibrium, after the organic-rich stream exiting from the liquid-liquid separator is flashed without heat addition.348

Fig. 4A and B correspond to the output organic streams following water extraction from a saline feed with a NaCl349

mole fraction (xaqb,i) of: (A) 0.02 (1.0 M); and (B) 0.08 (4.0 M). The NaCl concentrations are selected to model the350

retentate streams from reverse osmosis [85] and minimal liquid discharge [86] applications.351

From Fig. 4, we observe that a water-laden organic-rich stream exiting from the liquid-liquid separator at 6 bar352

can attain VLLE without external heat input at 320 K, achieving a vapor quality of 0.04 and 0.07 for xaqb,i = 0.02353

and xaqb,i = 0.08, respectively with a 0.5 bar flash pressure; as temperature increases to 350 K, the vapor quality354

increases to 0.21 and 0.027, for xaqb,i = 0.02 and xaqb,i = 0.08 with the same flash pressure. The DME vaporization is355

driven entirely by the inherent enthalpy of the pressurized organic-rich mixture, an observation similar to that with356

ethanol-water mixtures [87, 88]. As equilibrium temperature increases from 320 K to 350 K, the enthalpy of the357

organic-stream increases proportionally, resulting in the observed enhancement of the vapor quality at a given flash358

pressure [68]. Similarly, the vapor quality at VLLE increases with increasing flash pressures because the enthalpy of359

the mixture’s vapor phase decreases more rapidly with pressure as compared to the liquid phases [68, 78].360

Further, we observe that the organic-liquid quality decreases with temperature and flash pressure, as illustrated in361

Fig. 4A and B. This observation demonstrates that DME is increasingly vaporized from the organic-rich liquid phase362

with higher temperatures and flash pressure, consistent with species conservation. While the results in Fig. 4 might363

suggest that DME may be recovered more facilely at higher temperatures and with greater flash pressures, the purity364

of the DME vapor decreases with temperature (see Fig. 3B). In essence, the LLE and VLE phase equilibrium behavior365

of DME-water mixtures suggests that system-scale performance would be highly sensitive to the flash pressure, heat366

source temperature and the NaCl mole fractions. The inherent interaction between the energy consumption and367

output DME purity is scrutinized over a range of independent variables in the system-scale analysis below.368

3.2. Achieving high yield recovery of DME with ultra-low-grade heat sources369

The accuracy of our computational model in predicting the system-scale energetic and economic performance rests370

on the fidelity of the activity and fugacity coefficient models in predicting thermodynamic equilibrium [9, 24, 33].371

The juxtaposition between the predicted and experimental phase compositions at LLE, VLE and VLLE are shown372

in Fig. 3. The results indicate that the eUNIQUAC and virial equation of state models align with the experimental373

measurements to a large degree, registering a mean absolute error of 2.1 % and 3.2 % for the LLE and VLE374

experiments, respectively.375

We next evaluate the feasibility of achieving high recovery of DME from the water-laden organic stream exiting376

from the upstream liquid-liquid extractor in Fig. 1. Fig. 5A illustrates the composition and temperature of the377

retentate and distillate streams, as a function of the number of concentration stages, at a fixed interstage flash378

pressure of 0.5 bar. Here, heat at 320 K is supplied to the first concentration stage. As illustrated in Fig. 2B, in each379

solvent concentration stage (stage i), the retentate stream from the previous stage (stage i− 1) is throttled to attain380
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Figure 5: (A) Retentate and distillate composition and temperature as a function of the number of solvent concentration stages. Here,

the heat transfer area is dictated by the temperature difference between the retentate and distillate streams. (B) Plot of the stage

temperature and the DME recovery as a function of the interstage pressure and the number of recovery stages. (C) Plot of the specific

thermal energy consumption and the specific area of the solvent concentrator as a function of the interstage pressure and the number of

recovery stages.

VLLE at a lower temperature and pressure, and sprayed over a tube bundle in the shell-side of a heat exchanger.381

The distillate stream from the previous stage (stage i − 1) condenses at a higher relative temperature within the382

tube-side of the heat exchanger, and the released latent heat of condensation vaporizes DME from the retentate383

stream in the shell-side. In this process, the temperature difference for heat transfer that exists between the distillate384

and retentate streams is controlled by the interstage flash pressure [21, 22], as depicted by the triangular markers in385

Fig. 5A. In other words, the interstage flash pressure generates the temperature difference that is necessary to recover386

the latent heat of condensation from the distillate stream in each stage. The retentate and distillate temperatures,387

consequently, decrease with stage count as a result of the reduced VLLE pressures from interstage flashing [68].388
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Further, the solid and hatched bars in Fig. 5A denote the composition of the retentate and distillate streams389

with increasing concentration stages. As expected, with increasing stage numbers, the molar quantities of DME and390

water in the retentate stream decrease, while the molar quantities of DME and water increase in the distillate stream.391

Notably, the molar flow rate of water in the retentate stream remains approximately constant, decreasing from 0.112392

to 0.105 between the first and the last stage, while the molar flow rate of DME in the distillate stream increases from393

0 to 0.878 over the same interval. The system exhibits a DME/water selectivity ratio of approximately 125 without394

the need for reflux or reboilers [75], attains a 99 % recovery of the DME from the input organic-rich stream, and395

achieves a recovered condensate stream DME purity of at least 99.3 %.396

Fig. 5B illustrates the relationship between the stage temperature and DME recovery rate, and the interstage397

flash pressure and number of concentration stages. The upward and downward triangular markers represent the398

stage temperature and DME recovery for five interstage pressures, respectively. In agreement with the preceding399

paragraphs, the slope of the stage temperature curves increases with increasing interstage flash pressure, indicating400

that a larger temperature gradient is available to drive heat transfer between the distillate and retentate streams [21,401

68]. In other words, a larger interstage flash pressure reduces the heat transfer area required to transfer a given402

amount of latent heat between the distillate and retentate streams. This phenomenon has a profound impact on the403

techno-economic performance of the system, as discussed below. Further, our results indicate that the number of404

stages required for 99 % recovery of DME decreases with increasing interstage flash pressure (∆Pint). As illustrated405

in Fig. 5B, the minimum number of concentration stages for 99 % DME recovery drops from 14 to 7 when the406

interstage pressure increases from 0.1 bar to 0.5 bar.407

Fig. 5C illustrates the specific thermal energy consumption as a function of the interstage pressure and the408

number of concentration stages. The comparisons in the figure are performed under the operating constraints of a409

temperature source at 320 K and a final DME recovery of 99 %. First, our computational results indicate that the410

specific thermal energy consumption (SECT) of the system decreases sharply with a larger number of concentration411

stages, across interstage pressures of 0.1 bar to 0.5 bar. The SECT decreases from 684.1 kWh m−3 to 36.6 kWh412

m−3 when the concentration stage count increases from 2 to 7, with an interstage flash pressure of 0.5 bar. Systems413

with a larger total stage count allow a larger proportion of the condensation latent heat from the distillate stream414

to be harvested for DME distillation [21, 22, 68]. The enhanced enthalpy recycling sharply reduces the amount of415

heat input that is necessary in the first concentration stage and minimizes the cooling load required in the final stage416

condenser (Fig. 1), yielding a synergistic reduction in the specific thermal energy consumption.417

Further, our calculations indicate that the rate of decline in the SECT is more pronounced with larger operating418

interstage flash pressures. As discussed in Section 3.1, a larger interstage flash pressure enhances the spontaneous419

vaporization of DME from the retentate stream. Here, the quantity of DME that vaporized spontaneously increases420

by 36.6 % when the interstage flash pressure is raised from 0.1 bar to 0.5 bar, reducing the required heat input for421

high yield DME recovery, thereby corroborating the computational findings in Fig. 4.422

The impact of interstage flashing and the concentration cycle count on the specific heat transfer area is illustrated423

on the right vertical axis in Fig. 5C. In agreement with the preceding paragraphs, systems that employ a larger424

interstage pressure require lower specific heat transfer areas, as a result of the larger temperature differences between425

the distillate and concentrate streams [68, 78]. For instance, the specific area decreases from a high of 2.79 ×103426
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m2 m−3 to 0.468 ×103 m2 m−3, corresponding to an increment of ∆Pint from 0.1 bar to 0.5 bar. Cost effective427

thermal distillation systems, including multi-stage flash and multi-effect distillation, typically employ specific areas428

of up to 0.75 ×103 m2 m−3 to minimize capital costs [21, 22, 68]. The specific area of our proposed configuration429

lies within these conventional operating limits, which suggests that a heat-driven extraction system with DME may430

be economically viable for hypersaline brine concentration.431

3.3. Optimizing process parameters for thermodynamic efficiency and specific cost432

In the preceding sections, we demonstrated that the system-scale techno-economic performance is likely heavily433

influenced by the heat source temperature and the interstage flash pressure. Fig. 6A illustrates the thermodynamic434

(2nd Law) efficiency as a function of the flash pressure, for heat source temperatures of 323 K, 348 K and 373 K.435

The thermodynamic efficiency is the ratio of the least exergy of separation to the actual exergy consumed by thermal436

and electrical energy input [12, 21, 22]. As previously described in Section 2.2.2, thermal energy is consumed to437

drive DME vaporization in the first concentration stage, while electrical work is largely consumed for DME vapor438

compression in each concentration stage (if required). Our model suggests that the solvent extraction system can439

achieve thermodynamic efficiencies of 0.205, 0.112, and 0.080, leveraging heat from thermal reservoirs at 323 K, 348 K440

and 373 K, respectively. The computed thermodynamic efficiencies align with the reported values for multi-effect441

distillation and multi-stage flash systems operating with similar heat source temperatures [18, 21, 69, 70, 76].442

Notably, across the three tested heat source temperatures, the results show that our proposed system attains a443

local optimum thermodynamic efficiency for interstage flash pressures of 0.4–0.5 bar. In general, thermal distillation444

systems (e.g., multi-stage flash) exhibit a decreasing thermodynamic efficiency with increasing flash pressures, as a445

consequence of the unavoidable entropy generation from the free expansion of a fluid in a throttling valve [68, 89].446

Consequently, as illustrated in Fig. 6A, we observe a similar phenomenon, where the thermodynamic efficiency of447

the solvent concentration system increases from 0.024 to 0.205 at Ts = 323 K as the flash pressure falls from 1.0–448

0.5 bar (Effect 1). As exemplified in Fig. 6A, on the other hand, the ratio of electrical work to heat consumption449

decreases with increasing flash pressure. As the interstage flash pressure increases, a larger temperature difference is450

created between the distillate and retentate streams in each concentration stage, and less vapor compression work is451

consumed combating the adverse effects of boiling point elevation in the distillate stream. A unit of thermal energy452

from a low temperature reservoir at 323 K, 348 K and 373 K has an exergetic value that is 84.5 %, 78.8 % and 73.2 %453

lower than a unit of electrical work, respectively, relative to a dead state temperature of 298.15 K. [75]. The exergy454

consumption of the solvent concentrator, consequently, decreases in proportion with the decreasing electrical work455

consumption over the range of the interstage pressures from 0.1 bar to 0.5 bar (Effect 2). When the competing impacts456

of the irreversible entropy generation (Effect 1) and the exergy consumption (Effect 2) from interstage flashing are457

superimposed, therefore, a local maximum as observed in Fig. 6A in the thermodynamic efficiency is derived.458

Fig. 6B illustrates the thermodynamic efficiency as a function of the heat source temperature for five interstage459

pressures ranging from 0.1 bar to 0.5 bar. In general, the thermodynamic efficiency increases with lower heat source460

temperatures because the exergy consumption per unit joule of heat decreases with temperature [75]. For instance,461

the thermodynamic efficiency increases from 0.109 to 0.239 as the heat source temperature declines from 350 K to462

320 K with an interstage pressure of 0.5 bar. Further, the gradient of the thermodynamic efficiency with respect463

to the heat source temperature decreases with decreasing interstage temperature. As discussed in the previous464
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Figure 6: Thermodynamic (Second Law) efficiency of the solvent concentrator as a function of: (A) the interstage flash pressure; and

(B) the heat source temperature. An optimal thermodynamic efficiency is observed for an interstage flash pressure of 0.4–0.5 bar,

while a monotonically decreasing relationship to the heat source temperature is seen. Plot of the specific cost per unit volume of water

extracted as a function of: (C) the interstage flash pressure; and (D) the heat source temperature. Similar to the relationships with the

thermodynamic efficiency, an optimal specific cost is observed for an interstage flash pressure of 0.4–0.5 bar. The specific cost tends to

infinity with lower temperature heat reservoirs as a consequence of divergence in the heat exchanger area.

paragraph, the ratio of work to heat consumption increases with smaller interstage pressures, shifting the process to465

be more electically-driven. The thermodynamic efficiency, consequently, becomes less variable with the temperature466

of the thermal reservoir for systems employing lower interstage pressures.467

The influence of the interstage flash pressure on the specific cost of water recovery is illustrated in Fig. 6C,468

for heat source temperatures of 307 K, 323 K, and 373 K. We stress that the specific costs reported in this section469

correspond to the ideal production cost of water extraction, and do not include the profit margins and other additional470

business costs, as delineated in Section 2.3.2. Similar to the observations with the thermodynamic efficiency, our471

results suggest that there is a local minimum in the specific costs at an interstage pressure interval from 0.4 to 0.5472

bar. Likewise, the local minimum in the specific cost is the result of a superposition of two effects: 1) the capital473
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cost declines with increasing interstage flash pressure, as the larger temperature gradient necessitates a smaller heat474

transfer area in each stage, and 2) the operational costs increases with increasing interstage flash pressure as a result475

of higher energy consumption from the reducing thermodynamic efficiency.476

Fig. 6D depicts the specific cost of water recovery as a function of the heat source temperature, for five interstage477

pressures ranging from 0.1–0.5 bar. Our results suggest that the specific cost is fairly invariant to the heat source478

temperature when Ts exceeds 315 K across the five tested interstage pressures. This phenomenon is a result of the479

invariance of the capital costs, because the bulk of the heat exchanger area is defined by the temperature gradient480

between the distillate and retentate streams in stages 2 to NT , as previously illustrated in Fig. 4A. As the heat481

source temperature decreases, however, we observe an asymptotic behavior with the specific cost in Fig. 6D, which482

diverges to infinity at a limiting temperature. The limiting temperature for each interstage pressure curve occurs at483

the equilibrium temperature in the first concentration stage. As the heat source temperature approaches the first484

equilibrium temperature, the requisite heat exchanger area and capital cost exponentially inflates, and consequently,485

the specific cost of water extraction diverges to infinity [21]. Although it has not been considered in this analysis, the486

reduced scaling tendency in heat exchangers with SDWE could permit the use of less corrosion-resistant and more487

cost-effective materials, further decreasing the specific costs as detailed in Fig. 6D.488

In total, the analysis presented collectively in Fig. 6A–D illustrates the viable operating window of an ideal489

DME-based solvent concentration system. With a heat source temperature of 323 K, our model suggests that the490

locally minimized specific cost is US$ 1.93 m−3, at an interstage pressure of 0.489 bar. In comparison, an ideal491

multi-effect distillation system for zero-liquid discharge desalination (i.e., a practical system that is otherwise not492

afflicted by scaling of heat and mass exchangers) exhibits specific costs between US$ 1.5 m−3 to US$ 2.2 m−3,493

calculated based on similar thermodynamic and economic assumptions [21]. In other words, the similarity in specific494

costs with a commercialized brine concentration technology suggests that solvent-driven brine concentration could495

be economically effective for hypersaline water extraction.496

3.4. Quantifying local interest rate and business cost impacts on the specific cost497

Here, we illustrate the impact of the major constituents of the techno-economic model for the projected specific498

cost of water recovery. Once again, we emphasize that the techno-economic projection represents the ideal production499

cost of water recovery, and does not consider profit margins, consulting, legal, permitting and other unpredictable500

latent business costs that will influence the actual selling price at economic market equilibrium [3, 90].501

Fig. 7 illustrates the projected specific cost of water for six countries with existing high salinity brine treatment502

industries, leveraging heat from a thermal reservoir at 323 K. The economic projections are conducted based on503

recently published techno-economic models for multi-effect distillation [21] and high salinity electrodialysis [3]. The504

interest rates, labor and energy costs are adapted from global surveys as of October 2023 (see Appendix E). The505

capital costs are amortized over a period of 15 years, and central bank interest rates are assumed. The total structural506

and equipment costs are assumed to scale linearly with the heat exchanger areas [21]. As expected, the specific cost507

of water recovery increases with feed salinity as the least work of separating water from a mixture rises, agreeing508

with previously published thermodynamic analyses [12, 23, 38, 78, 90].509

Our economic estimates suggest that the capital costs of constructing a solvent-driven brine concentration facility510

are most heavily influenced by interest rates. For example, a larger fraction of the specific costs is attributed to511
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Figure 7: Specific cost per unit volume of water extracted with the DME-based system, operating with a heat source at 323 K and an

interstage flash pressure of 0.5 bar. The techno-economic analysis is projected based on the prevailing central bank interest rates, and

the estimated local labor, energy and chemical costs as of October 2023. The specific costs correspond to the estimated cost of recovering

a cubic meter of water from a water-laden DME stream, following liquid-liquid extraction from a hypersaline brine feed with an initial

NaCl mole fraction of: (A) 0.02; and (B) 0.08.

a higher amortized capital costs for Brazil, which has a central bank interest rate of 13.75 %, as compared to the512

United States interest rate of 5.5 %. Further, the techno-economic model assumes the availability of low-grade heat513

at a discounted price [55]; the specific cost of water is expected to rise by an estimated amount between US $ 0.50514

m−3 to US $ 0.75 m−3 if high quality steam at 100 ◦C has to be employed [21].515

Across the six modeled countries, the results suggest that the capital and operational costs have an impact516

comparable to the net specific costs. However, in practically sized systems, the presence of unforeseen fugitive517

losses in the retentate pressure and material leakage during throttling may reduce the thermodynamic efficiency, and518

increase the total energy consumption [68]. Nevertheless, the economic results appear to indicate that the specific cost519

of water production is comparable to commercialized brine concentration technologies when similar assumptions are520

adopted for the techno-economic projections [21, 78]. All in all, the preliminary techno-economic assessment suggests521

that the solvent-driven brine concentration system is potentially economically competitive for water extraction from522

hypersaline streams, warranting a deeper industrial consideration.523

4. Implications for solvent-driven water extraction524

In this study, we present a computational investigation of a novel dimethyl ether (DME)-based solvent-driven525

water extraction (SDWE) system, tailored for brine concentration and fractional crystallization applications. The526

energetic and techno-economic viability of the proposed SDWE system is analyzed with a system-scale computational527

model that combines thermodynamics, phase equilibrium, and process optimization. Specifically, we investigate the528

process of reconcentrating a water-laden DME stream to realize a circular solvent economy. To this end, we have529

selected NaCl as a model feed solution to investigate the influence of critical operational parameters, including530

interstage flash pressure, the number of concentration stages, and the heat source temperature, on the system’s531

energy efficiency and economic viability. This parametric analysis is designed to provide insights that, although532
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initially focused on NaCl solutions, are anticipated to be applicable to a broader range of inorganic solutions.533

Central to this system is the exploitation of DME’s unique properties—its low polarity and its ability to form534

an asymmetric hydrogen bond with water. This synergistic combination facilitates selective water extraction from535

hypersaline brines, enhancing water solubility over charged ions by a factor of 103. The combination of the extended536

universal quasichemical (eUNIQUAC) model and the virial equation of state within the framework effectively predicts537

activity and fugacity coefficients, registering mean absolute errors of 2.1 % and 3.2 % when determining compositions538

at phase equilibrium. Our computational findings suggest that high yield (> 99 %) DME recovery using ultra-low-539

grade heat sources (T < 50 ◦ C) can be attained with the proposed solvent concentrator. The solvent concentrator540

within the SDWE system is a key component, facilitating DME recovery through heat-driven concentration stages.541

Across heat source temperatures ranging from 323 K to 373 K, optimal operation is achieved at interstage flash542

pressures between 0.4 bar and 0.5 bar, with superior performance observed at lower heat source temperatures.543

Notably, an optimal thermodynamic efficiency and a minimized specific cost were observed at an interstage pressure544

of 0.489 bar and a heat source temperature of 323 K, with the specific cost of water production at US$ 1.93 m−3.545

With a heat source temperature of 323 K and an interstage flash pressure of 0.5 bar, the system attains a DME/water546

selectivity ratio of approximately 125 and a 99 % recovery rate of DME, with a distillate purity of 99.3 %.547

Our preliminary techno-economic analysis underscores the influence of various factors like capital and operating548

costs, alongside local economic conditions such as interest rates and energy prices, on the system’s viability. For ex-549

ample, our analysis indicates that the specific cost of water extraction is most heavily influenced by the local interest550

rate, as a consequence of its impact on the amortized capital costs. Using the same assumptions in the techno-551

economic projections, the DME-based SDWE system emerges as a potentially cost-effective and energy-efficient552

solution for hypersaline brine treatment, achieving comparable specific costs with existing commercial thermal dis-553

tillation technologies while mitigating the scaling risks on heat and mass exchangers.554

To fully realize the capabilities of the DME-based SDWE system, however, several key areas necessitate future555

investigation. To bridge existing knowledge gaps, understanding the water extraction kinetics between the organic556

solvent and water in the liquid-liquid separator is crucial, since deviations from the expected liquid-liquid equilibrium557

may potentially attenuate the thermodynamic and material efficiencies [14]. Further experimental investigation with558

representative brines and leachates is required to quantify the effects of multicomponent inorganic mixtures on phase559

compositions at solid-liquid and liquid-liquid equilibrium, due to their significant impact on water’s chemical potential560

and effective dielectric constant [7, 49, 50]. Consequently, the techno-economic viability of DME-driven extraction561

must be revisited based on empirical data derived from experiments with the representative brines and leachates.562

The high volatility of DME, a small organic molecule, poses a risk of leakage through fittings in the solvent563

concentrator, with potential material losses. Additionally, enhancing heat transfer efficiency in the solvent concen-564

trator is vital, and this suggests opportunities for heat exchanger surfaces with favorable wettability characteristics to565

DME. Moreover, via gas chromatography - flame ionization detection (GC-FID), our prior experiments on extracting566

residual DME from water have shown that simply leaving the solution in an open, stationary vessel can substantially567

lower DME concentrations to between 5 and 50 ppm, suggesting the feasibility of recycling DME via a recovery568

polishing step that captures the DME removed from the water [91]. This necessitates a comprehensive evaluation569

of the energy efficiency and cost-effectiveness of various polishing methods, including vacuum application, adsorp-570
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tion, and membrane processes, aimed at reducing DME leakage and improving system efficiency. Lastly, given the571

economic sensitivity to the price of low-grade heat, it is imperative to consider local energy costs for more accurate,572

regionally-specific techno-economic projections.573

Appendix A. Scaling Limitations for Hypersaline Brine Concentration574

Figure A.8A plots the specific energy (electrical work equivalent) of various water extraction technologies as a575

function of the concentration of the saline feed [92]. In general, membrane technologies register lower specific energies576

as a result of the high water selectivity of reverse osmosis membranes and the use of energy recovery devices like577

pressure exchangers [89, 93]. However, the limitations arising from the high osmotic pressure of concentrated brines578

restrict most practical use of membranes to feed solutions that are under 70 g L−1 [17, 93].579

Thermal distillation technologies including multi-effect distillation [22, 78] and multi-stage flash [68] are more580

tolerant of concentrating brines at higher feed salinities. However, the presence of sparingly soluble inorganic solutes,581

such as the sulfates and phosphates of calcium and magnesium, poses scaling risks for the heat and mass exchangers582

in these systems [89, 94, 95]. The deposition of inorganic scales reduces the heat and mass transfer efficacy, raising583

the energy consumption, lowering the net water recovery, and leading to increased maintenance and operational584

costs [14, 21, 38].585

Solvent-driven water extraction has garnered increased attention in recent years, driven by the need for brine586

concentration technologies that are less susceptible to the adverse effects from inorganic fouling [7, 9, 14, 24, 32,587

34–36, 38, 39, 43, 46, 96]. As illustrated in Fig. A.8B, in solvent-driven water extraction, the organic solvent588
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Figure A.8: (A) Specific energy consumption of membrane and thermal desalination technologies as a function of the feed concentration.

The specific energy costs of osmotically assisted reverse osmosis is based on computational predictions (dashed boundaries), and have

not been demonstrated industrially [17]. The exposure of the heat exchangers to hypersaline brines results in scale deposition, negatively

impacting the efficacy of heat transfer [89, 92]. (B) An aprotic solvent extracts water across an organic-aqueous liquid interface into the

organic-rich phase, while isolating the charged ions and other potential scalants in the aqueous-rich phase [9, 14, 24, 43]. The near-salt-free

water-laden organic phase can be re-concentrated to recover the solvated water.
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Figure A.9: (A) Composition of both aqueous- and organic-rich phases in binary solvent-water mixtures at liquid-liquid equilibrium

(LLE). Specifically, dimethyl ether is noted for its substantial capacity to carry water, reaching up to 22 % by moles in the organic-rich

phase at LLE. (B) Plot depicting the relative volatility against the normalized enthalpy of vaporization for various binary solvent-water

mixtures. Solvents positioned towards the upper left quadrant of this plot generally indicate higher separation coefficients, suggesting

that such solvents can be purified to high degrees at relatively lower temperatures. Notably, dimethyl ether, located in the uppermost

left quadrant, is identified as the solvent most efficiently recoverable post liquid-liquid extraction. This figure is adapted from our prior

open-access publication [14].

extracts water preferentially into the organic-rich phase, retaining the charged inorganic solutes in the aqueous-rich589

retentate. Thereafter, the water-laden organic solvent is siphoned out and re-concentrated with a separate process to590

recover the extracted water. The critical water/salt mass transfer selectivity occurs along the organic-aqueous liquid-591

liquid interface, isolating the occurrence of inorganic scaling away from the downstream heat and mass exchangers.592

Consequently, solvent-driven water extraction technology is amenable to feed solutions of much higher concentration,593

facilitates fractional crystallization of scalants or other target solutes in the bulk solution, and can be potentially594

leveraged to realize zero-liquid discharge desalination. As illustrated in Fig. A.9A & B, dimethyl ether (DME)595

emerges as a promising solvent candidate, attributed to its significant water absorption capacity and one of the596

highest relative volatilities, facilitating easy regeneration after water extraction.597

Appendix B. Thermodynamic Fundamentals for Liquid-Liquid and Vapor-Liquid Equilibrium598

The First Law of Thermodynamics for a mixture in a microcanonical ensemble undergoing isothermal heat transfer599

can be expressed as [75]:600

dU = TdS − pdV +

N∑
i

µidNi (B.1)
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where U [J], S [J K−1] represent the internal energy and entropy, T [K], P [Pa] and µi [J mol−1] represent the601

temperature, pressure and chemical potential of species i, and V [m3] and Ni [mol] represent the volume and the602

molar amount of species i, respectively. The thermodynamic potential in an isobaric-isothermal ensemble (NPT603

ensemble) can be derived with a Legendre transformation, yielding the Gibbs free energy:604

dG = d(U + pV − TS) (B.2)

= dU + pdV + V dP − TdS − SdT (B.3)

= V dP − SdT +

N∑
i

µidNi (B.4)

where G [J] denotes the Gibbs free energy of the mixture. The Second Law of Thermodynamics states that, in an605

isolated system (i.e., microcanonical ensemble), any spontaneous process will either increase or preserve the entropy606

of a system [75], as described in Eq. B.5. When the same Legendre transformation is applied, it can be shown that607

the Gibbs free energy extremum principle applies in the NPT ensemble, as denoted in Eq. B.6 [75].608

dSsys + dSenv ≥ 0 (B.5)

dGsys ≤ 0 (B.6)

where the subscripts “sys” and “env” represent the system and the environment, respectively. As a consequence,609

systems that are in thermodynamic equilibrium in the NPT ensemble would have equal Gibbs free energies [22]. For610

a two-phase mixture that exists in equilibrium in the NPT ensemble, the Gibbs free energy extremum principle is611

satisfied by:612

T (phase,1) = T (phase,2) (B.7)

P (phase,1) = P (phase,2) (B.8)

µ
(phase,1)
i = µ

(phase,2)
i (B.9)

where i refers to the species that exist in both phases. In the context of liquid-liquid equilibrium, the equal chemical613

potential constraint can be expressed as:614

µ
aq,liq|ref
i +RT ln

[
γaq,liqi (T,xaq,liq) xaq,liqi

]
= µ

org,liq|ref
i +RT ln

[
γorg,liqi (T,xorg,liq) xorg,liqi

]
(B.10)

where µ
aq,liq|ref
i [J mol−1] and µ

org,liq|ref
i [J mol−1] denote the reference chemical potential of species i in the aqueous-615

rich and organic-rich liquid phases, respectively. If the reference states are chosen to be at the same temperature,616

pressure and composition, Eq. B.10 simplifies to an isoactivity condition, as expressed by Eq. B.11:617

γaq,liqi (T,xaq,liq) xaq,liqi = γorg,liqi (T,xorg,liq) xorg,liqi (B.11)

In the context of a mixture that exists in vapor-liquid equilibrium, the equality in chemical potential can be618

expressed as:619

µ
liq|ref
i +RT ln

[
γliqi (T,xliq) xliqi

]
= µ

vap|ref
i +RT ln

[
fvapi

P sat
i

]
(B.12)

where fvapi [-] = ϕvapi (T, P,xvap) xvapi P denotes the vapor phase fugacity of species i [75]. All together, this gives620

the isofugacity condition for VLE, as expressed by Eq. B.13:621

γliqi (T,xliq) xliqi P sat
i = ϕvapi (T, P,xvap) xvapi P (B.13)
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Table C.1: Interaction parameters for UNIQUAC activity coefficient model.

ui,i ui,j

Dimethyl Ether −1.23654 332.474

Water 1.20546 −814.698

Appendix C. Phase Compositions at Liquid-Liquid and Vapor-Liquid Equilibrium622

Here, the phase compositions of the DME-water mixture at liquid-liquid and vapor-liquid equilibrium are calcu-623

lated using the eUNIQUAC model and the virial equation of state. The hyperparameters for the UNIQUAC model624

are regressed with Aspen Hysys and are summarized in Table C.1. The hyperparameters of the virial equation for625

DME and water are obtained from Tsonopoulous [64, 65].626

Fig. 3A illustrates the liquid-liquid equilibrium composition of a ternary mixture of DME, water and NaCl, as a627

function of the temperature and the NaCl concentration in the brine stream. The model is juxtaposed against the628

experimental measurements by Holldorff and Knapp [47] and McNally et al. [31]. The eUNIQUAC model converges629

to the experimental measurements to a high degree, with a mean absolute error of 2.1 %. The composition of the630

aqueous- and organic-rich liquid phases are denoted by the blue and orange regions, respectively.631

From the figure, we observe that the water content of the organic phase increases with temperature, rising from632

approximately 0.1 at 250 K to approximately 0.21 at 330 K, for the case with xaqb,i = 0. However, the presence of NaCl633

induces a “salting-out effect” across the spectrum of tested temperatures, with the water content in the organic-634

rich phase reducing from 0.1 to approximately 0.08 at 250 K. This observation aligns with prior phase equilibrium635

investigations [81–83], and it reflects the reduced solubility of the organic solvent in the aqueous-rich phase.636

Fig. 3B illustrates the phase composition of the DME-water mixture at vapor-liquid-equilibrium as a function of637

the pressure and the mole fractions. The model predictions are juxtaposed against the measurements from Holldorff638

and Knapp [47] and Pozo et al. [71, 72]. Our model predictions align with the empirical measurements to an average639

absolute mean error that is under 3.2 %. As observed in Fig. 3B, at a temperature of 293 K, the vapor phase of a640

DME-water mixture at VLE exhibits an DME-purity that is approximately 99 % or greater. This result reaffirms641

that high purity DME can be recovered, while employing heat from a low-temperature thermal reservoir.642

Appendix D. Numerical Algorithms for System-Scale Analysis643

The numerical algorithm employed to simulate the system-scale characteristics is summarized in Fig. D.10. Here,644

the pink, blue and green bubbles correspond to the inputs, the model, and the outputs. First, the concentration and645

temperature of the brine and DME streams entering the liquid-liquid separator are inputted into the liquid-liquid646

equilibrium solver, to derive the composition and temperature of the output streams from the liquid-liquid separator.647

Thereafter, the concentration and temperature of the water-laden DME-stream, and the number of concentration648

stages and interstage flash pressure, are inputted into the system flash model. The system flash model employs a649

constrained trust-region solver to derive the vapor and organic-liquid qualities, and the temperature at VLLE or650

VLE. The equilibrium temperature and the phase qualities are subsequently leveraged to compute the composition of651

the retentate and distillate, and the specific electrical and thermal energy consumption. Lastly, the specific thermal652
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and electrical energy consumption is combined with the knowledge of the heat source temperature, as well as the653

constituents of the capital and operational costs, to perform techno-economic projections. The techno-economic654

model returns the specific heat exchanger area, thermodynamic efficiency and the specific cost of water extraction.655

Appendix E. Hyperparameters for Techno-economic Projections656

We delineate the hyperparameters of the techno-economic model in this section. The techno-economic model657

is adapted from the recent publications by Chen et al. [21] and Ahdab et al. [3]. First, the capital cost of the658

solvent concentrator is assumed to scale with the heat exchanger area, following the correlations adopted in the659

literature [21, 97, 98]. The projected capital cost includes the cost of the pumps, compressors, heat exchangers,660

throttle valves and pipes that are typical of a multi-effect distillation system [21, 97, 98]. The capital expenditure661

is amortized over a period of 15 years [3]. The interest rates, labor and electricity costs for six different countries662

are summarized in Table E.2, based on latest publicly available information as of 15 October 2023. The interest663

rates correspond to the respective central bank interest rates. The labor costs are derived based on a survey by664

Economic Research Institute, using the job title “Chemical Engineer” as the query, and the largest populated city665

of the respective country as the location of work. The electricity cost is derived based on the information available666

from the public utility departments of the respective countries. The maintenance and chemical costs are assumed to667

be US$ 0.05 m−3 and US$ 0.09 m−3, respectively [21].668

Table E.2: Interest rate ane the labor and electricity costs of six countries based on publicly available sources.

China United States Germany Australia Brazil South Africa

Interest Rate (%) 3.45 5.50 4.25 4.10 13.75 8.25

Labor Cost (US$ yr−1) 56,780 154,470 102,190 102,620 39,700 60,000

Electricity Cost (US$ kWh−1) 0.087 0.142 0.441 0.264 0.140 0.071

Input
Brine Concentration, xb,i
Brine Temperature, Tb,i
DME Concentration, xorg,i
DME Temperature, Torg,i   

Model

Liquid - Liquid Equilbrium
Solver (Eq. 1)    

Output

  
Brine Concentration, xb,o
Brine Temperature, Tb,o
DME Concentration, xorg,o
DME Temperature, Torg, o  

Input

Number of Stages, Nstage
Flash Pressure, Pint  

Model

System Flash Model
(Eq. 24)    

Output

  
Retentate Composition, xret,i
Distillate Composition, xdist,i
Specific Energy (Thermal), SECT
Specific Energy (Electrical), SECE  

Input
Temperature Source, Ts
Capital Costs, Ci 
Operational Costs, Ci  

Model

Techno-economic Model
(Eq. 30 - 34)    

Output

  
Specific Area, Asp
Thermodynamic Efficiency, ηII

Specific Cost, Csp,yr

cap

op

Figure D.10: Numerical algorithm to simulate the system thermodynamic and techno-economic performance.
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Nomenclature669

Roman Symbols670

A Heat Exchanger Area [m2]671

ADH Debye Huckel Parameter [g0.5 mol−0.5]672

AF Annuity Factor [-]673

CapEx Capital Cost [US$]674

bDH Debye Huckel Parameter [g0.5 mol−0.5]675

C Cost [US$]676

G Molar Gibbs Free Energy [J mol−1]677

H Molar Enthalpy [J mol−1]678

I Ionic Strength [mol m−3]679

M Molecular Weight [g mol−1]680

N Number of Stages [-]681

Ṅ Molar Amount [mol s−1]682

OpEx Operational Cost [US$]683

P Pressure [bar]684

Q Heat Transfer [J]685

q Relative van der Waals Surface Area Parameter [-]686

R Ideal Gas Constant [J mol−1 K−1]687

r Relative van der Waals Volume Parameter [-]688

S Molar Entropy [J mol−1 K−1]689

SECE Specific Energy Consumption - Electrical [kWh mol−1]690

SECT Specific Energy Consumption - Thermal [kWh mol−1]691

t Total [-]692

T Temperature [K]693

W Electrical Work [J]694

x Mole Fraction [-]695

Greek Symbols696

γ Activity Coefficient [-]697

η Thermodynamic (Second Law) Efficiency [-]698

θ van der Waals Surface Area Fraction Parameter [-]699

µ Chemical Potential [J mol−1]700

ξ Quality [-]701

σ Solvent Recovery [-]702

τ UNIQUAC Interaction Parameter [-]703

ϕ Fugacity Coefficient [-]704

ψ van der Waals Volume Fraction Parameter [-]705
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ω Accentricity Factor [-]706

Abbreviations707

aq Aqueous708

b Brine709

c Critical Point710

dist Distillate711

DME Dimethyl Ether712

env Environment713

eq Equilibrium714

i Species i715

in Input716

int Interstage717

is Isentropic718

LLE Liquid Liquid Equilibrium719

mix Mixture720

org Organic721

ret Retentate722

sp Specific723

sys System724

vap Vapor725

VLE Vapor Liquid Equilibrium726

VLLE Vapor Liquid Liquid Equilibrium727

yr Year728
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