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Abstract

Solvent-driven separations may enable scalable concentration of hypersaline brines, supporting a circular resource
economy from the extraction of lithium and rare earth elements from spent battery and magnet leachates. This work
analyzes a novel solvent-driven water extraction (SDWE) system employing dimethyl ether (DME) and ultra-low-
grade heat for brine concentration and fractional crystallization. SDWE exploits DME’s unique properties: 1) a low
dielectric constant that promotes water solubility over charged solutes by a factor of 103, and 2) a high volatility
that facilitate efficient DME reconcentration with ultra-low-grade heat. The techno-economic viability of SDWE is
assessed with a computational framework that encompasses a liquid-liquid separator and a solvent concentrator. We
integrate the extended universal quasichemical model with the virial equation of state to predict the compositions
of the complex three-phase DME-water mixture at vapor-liquid and liquid-liquid equilibrium. Subsequently, we
optimize the thermodynamic and economic performance of SDWE, by controlling the interstage flash pressure, heat
source temperature, and the number of concentrating stages. DME-based SDWE concentrates an input saline feed to
5.5 M and regenerates over 99 % of the DME using ultra-low-grade heat below 50 °C, with a DME/water selectivity
ratio of 125. Our calculations reveal that optimal performance is achieved at interstage flash pressures of 0.4 - 0.5
bar for heat source temperatures between 323 - 373 K, with improved exergetic efficiencies at lower temperatures. At
a heat source temperature of 323 K and an interstage pressure of 0.489 bar, DME-driven SDWE achieves an optimal
thermodynamic efficiency of 20.5 % and a projected specific cost of US$ 1.93 m~3. These specific costs suggest that
SDWE is competitive with commercialized thermal distillation technologies, while mitigating the traditional risks
associated with scaling in heat and mass exchangers with hypersaline brines.

Keywords: Brine Concentration, Dimethyl Ether, Desalination, Fractional Crystallization, Ultra-Low-Grade Heat
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1. Introduction

Global water scarcity has had a cascading impact on essential human activities, threatening irrigation [1-3],
energy generation [4, 5], and critical metals extraction for battery and magnet production [6, 7]. By concentrating
hypersaline brines, freshwater can be reclaimed from industrial wastewater, thereby safeguarding existing freshwater
supplies from the discharge of polluted effluents [8-12]. Furthermore, brine concentration is instrumental in the
promotion of a circular resource economy, enabling the recycling of valuable critical materials such as lithium, nickel,
cobalt, and rare earth elements from spent battery and magnet leachates [7, 9, 13, 14]. These critical minerals
can also be valorized from various industrial waste brines, including mine tailings, by-products from hydrocarbon
extraction processes, and leachates from recycling of semiconductor and electronic wastes [7, 14-16].

Hypersaline brines are usually complex mixtures of inorganic salts, essential metals, and sparingly soluble scalants,
with total dissolved solid (TDS) concentrations that typically exceed 70 g L=!. As a result, hypersaline brine
treatment is challenged by the high osmotic pressures and the propensity for scaling and fouling on heat and mass
exchangers [14, 17]. Membrane processes like reverse osmosis (RO), nanofiltration (NF) and electrodialysis (ED),
despite being highly energy efficient, faces limitations in processing brines with high salinity due to the operational
limits of existing membranes and pressure vessels [17, 18] (see Appendix A), and lacks solute-specific selectivity
necessary for targeted ion extraction [19, 20]. The presence of high concentrations of scale-forming ions (e.g., sulfates
and phosphates of calcium and magnesium) in these brines further hampers the performance of both thermal-
and membrane-based desalination processes, including mechanical vapor compression, multi-effect distillation and
advanced variants of RO and electrodialysis systems, leading to reduced effectiveness [21-23] and salt rejection
capabilities [17, 19, 24-26].

As a solution to these issues, solvent-driven water extraction (SDWE) emerges as a potentially viable and efficient
alternative to extract water and critical metals from hypersaline brines [7, 27-30]. In SDWE, the saline feed is mixed
with a partially water-miscible organic solvent in a liquid-liquid separator, resulting in the formation of two distinct
liquid phases [31-33]. Water is then extracted up to thermodynamic equilibrium across the organic-aqueous liquid
interface, with the dissolved electrolytes remaining in the concentrated brine due to the low dielectric constant of
the organic solvent [11, 12, 34, 35]. As water is extracted into the organic-rich liquid phase, fractional crystallization
of sparingly soluble salts may occur in the aqueous-rich phase, such as the selective precipitation of cobalt and
samarium from spent magnet leachates upon solvent injection [7]. Subsequently, the organic-rich phase, now laden
with water, is physically separated and regenerated to produce both purified water and reconcentrated solvent [36, 37].
A key advantage of SDWE is the physical segregation of the critical mass transfer process of water extraction from
downstream heat exchangers and membranes [24, 35, 38]. This significantly reduces the risk of scalant precipitation
and foulant deposition on crucial system components, presenting a more sustainable and operationally efficient
method to handle high-salinity brines [14, 38, 39].

Recent studies have explored various solvents for use in solvent-driven water extraction, aiming to enhance water
recovery, improve salt rejection, and boost energy efficiency during solvent regeneration [16, 40-46]. In these studies,
dimethyl ether (DME), a polar aprotic solvent, has shown considerable promise as an effective organic desiccant due
to its partial water miscibility and molecular characteristics conducive to near-complete salt rejection and efficient

recovery of water from the solvent [14, 24, 31, 47-49]. To date, DME has been experimentally validated to separate
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Figure 1: Schematic diagram illustrating a solvent-based water extraction system for brine concentration that is powered by ultra-low-
grade heat. First, the hypersaline feed brine is contacted with liquefied dimethyl ether (DME) at a pressure above its vapor pressure in a
liquid-liquid extractor [24]. Here, water is selectively extracted across a liquid-liquid interface between the bulk organic and aqueous feed
streams, protecting the downstream heat and mass exchangers from scaling complications [14]. Next, the water-laden organic stream is
siphoned out and concentrated with a regeneration stage. The organic stream is throttled, and heat from a thermal reservoir is supplied to
enhance spontaneous DME vaporization. The low vapor-liquid-liquid equilibrium temperature of DME allows the use of ultra-low-grade
heat (T < 50°C). The DME vapor is condensed in subsequent solvent concentration stages, and the recaptured latent heat is leveraged

to vaporize additional DME from the retentate stream. The process is repeated until >99 % of the DME is recovered.

and recycle samarium and cobalt from spent magnet leachates [7], to fractionally crystallize calcium sulfate for
aqueous waste descaling [31, 50], to extract water and produce a concentrated NaCl brine [24], and as a desiccant for
the drying of biomass [51]. Recent experimental and molecular dynamics investigations suggest that dimethyl ether
promotes fractional crystallization as an anti-solvent, by selectively extracting water from the aqueous-rich phase
and inducing supramolecular saturation of the sparingly soluble salt [39, 46]. The properties of DME, notably its low
dielectric constant (epymgr < 5), high volatility (vapor pressure > 5.9 bar at STP), and relatively low boiling point
(269 K at 1 bar), are beneficial in minimizing the solubility and entrainment of inorganic electrolytes in the organic
phase [31, 46, 52], allowing a circular solvent economy to be realized with thermally-driven systems. As illustrated
in Fig. A.9, these distinct properties consequently enable the efficient regeneration of the solvent, which may be
achieved with unconventional energy sources and ultra-low-grade heat [9, 32, 53].

Industrial activities such as drying, heating, and combustion produce waste heat in many forms, including vapors,
fumes, exhaust gases, and wastewater [54, 55]. The chemical production and power generation sectors have attempted
to harness waste heat for improved process efficiency, but a large proportion of it, often emanating from furnaces,
motors, refrigeration systems, boilers, and other machinery, is unavoidably released into the environment [56-58].
Approximately 60 % of waste heat is categorized as ultra-low grade, with temperatures ranging between ambient
and 80 °C [59, 60]. The properties of dimethyl ether, particularly its high volatility and low boiling point, enable
DME-water mixtures to achieve vapor-liquid equilibrium at temperatures between 7 °C and 47 °C [47]. As shown in
Fig. 1, these attributes make it feasible to use ultra-low-grade heat for reconcentrating DME following the extraction
of water from hypersaline brines [14, 24].

In this study, we explore the technical and economic feasibility of using DME for solvent-driven water treatment
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that is powered by ultra-low-grade heat sources. For brine concentration, an increased rate of DME feed maximizes
water extraction [24], whereas fractional crystallization requires a precise, minimal introduction of DME to promote
salt displacement in the aqueous-rich phase [7, 50]. Regardless of its application in brine concentration or fractional
crystallization, the critical challenge remains that of DME regeneration from the organic-rich phase at liquid-liquid
equilibrium[14]. Consequently, we focus on quantifying the energetic and economic cost of DME regeneration to
facilitate a circular solvent economy, while employing NaCl mixtures as a model solution to elucidate the impact
of feed salinity. We develop a multi-phase equilibrium model that integrates the extended universal quasichemical
model [61-63] with the virial equation of state [64, 65] to accurately predict the composition of DME-water mixtures
at both vapor-liquid and liquid-liquid equilibrium. Further, we examine the influence of various process variables, such
as interstage flash pressure, heat source temperature, and the number of concentration stages, on the thermodynamic
efficiency of the proposed SDWE unit. Finally, we conduct a preliminary techno-economic analysis to determine the
specific cost of water recovery with our proposed DME solvent concentrator, comparing it with the anticipated costs

of commercial thermal distillation technologies currently used in resource extraction from hypersaline brines.

2. Mathematical Model

2.1. Thermodynamic models for phase equilibrium calculations

In solvent-driven water extraction (SDWE) from brines, a polar aprotic solvent is first contacted with the saline
feed solution, which selectively solvates water into the organic-rich stream, while retaining the inorganic solutes in
the aqueous-rich stream in the liquid-liquid extractor (Fig. 2A) [24, 34, 38]. In this work, dimethyl ether (DME)
is chosen due to its low polarity and strong ability to form asymmetric hydrogen bonds with water, an apposite
combination that favors water solubility over charged ions by a factor of 10® [31, 46]. The salt rejection, water
recovery and brine concentration ratios that are attainable by a liquid-liquid extractor is governed by the phase
composition of the organic and aqueous-rich phases at thermodynamic liquid-liquid equilibrium (LLE) [35].

To achieve LLE in an isobaric - isothermal ensemble (NPT ensemble in statistical thermodynamics), isoactivity
conditions between each chemical species present in both liquid phases must be satisified (see Appendix B for

thermodynamic derivations). Mathematically, the isoactivity constraint can be expressed as:

T, goalin) 20— e (T, gortia) ore b M)

where i € {H,0 (water), CH3OCHj (dimethyl ether)}, T' [K] represents the equilibrium temperature at LLE, % "[-]

)

and 7_org,hq

; [-] represent the activity coefficient of species ¢ in the aqueous- and organic-rich streams, z et [-] and

i
x; 7919 1] denote the absolute mole fraction of species i in the aqueous- and organic-rich streams, respectively.
Here, the species activity coefficients are calculated based on an excess Gibbs free energy formulation, which will be
described in Section 2.1.1.

Following liquid-liquid extraction with DME, the water-laden organic-rich stream is siphoned out and passed
into a solvent concentrator, as illustrated in Fig. 1. In the first stage, the water-laden DME stream is throttled to
induce vapor-liquid (VLE) or vapor-liquid-liquid equilibrium (VLLE), and heat from a thermal reservoir is supplied

to enhance spontaneous DME vaporization. In each subsequent solvent concentration stage, as depicted in Fig. 2B,

the retentate stream from the previous stage is throttled, attaining VLLE (or VLE) at a temperature that is lower
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Figure 2: (A) Schematic diagram illustrating the molar flow rate, temperature and mole fraction of the input and output streams of the
hypersaline feed brine and the organic solvent. The molar flow rate and mole fraction of the output organic and aqueous streams are
calculated based on isoactivity thermodynamic constraints [24]. (B) Schematic diagram illustrating the material balance across the it®
stage of the solvent concentrator. Here, the retentate stream from the (i — 1)th stage is throttled, attaining vapor-liquid-liquid equilibrium
at a lower temperature, and establishing a temperature gradient across the heat exchanger. The distillate stream from the (i — 1)*? stage

condenses within the lumen of the heat exchanger, and the latent heat is captured to distill DME from the retentate stream.

than the input distillate stream [46]. The distillate stream, consequently, condenses within the lumen of the heat
exchanger, and the latent heat is captured to distill additional DME from the retentate stream [21]. Here, the
high vapor pressure and volatility of DME allows VLE or VLLE to be attained at temperatures ranging between
280-305 K, enabling ultra-low-grade or waste heat sources (T < 50°C) to be leveraged for the rapid and efficient
recovery of DME [24]. The distillate and retentate temperatures, and the DME recovery ratio at each concentration
stage is governed by the equilibrium compositions at VLE or VLLE.

For VLE, in an NPT ensemble, each chemical species present in the liquid and vapor phases must obey the
isofugacity constraint (see Appendix B for thermodynamic derivations). Mathematically, the isofugacity constraint

at VLE can be expressed as:
AT, ) TP = (T, P ) P 2)

where i € {HyO (water), CH3OCHj3 (dimethyl ether)}, P9 [Pa] denotes the saturation pressure of the pure species 1,
and ¢;"" [-] represents the fugacity coefficient of species i in the vapor phase. The fugacity coefficients are estimated
based on the virial equation of state, which will be discussed in Section 2.1.2. For VLLE, the isoactivity and
isofugacity constraints (Egs. 1 and 2) are solved simultaneously to obtain the equilibrium composition of the vapor,

organic-rich and aqueous-rich liquid phases, as illustrated in Fig. 3.

2.1.1. Estimating species activity with the extended UNIQUAC equations

The extended universal quasichemical (¢eUNIQUAC) model is used to capture the thermodynamic non-idealities
arising from solute-solute and solvent-solute interactions [61-63, 66]. The excess Gibbs free energy of the mixture
is composed of: 1) a combinatorial term quantifying the entropic contributions from the mixing of solutes with

varying sizes and shapes; 2) a residual term quantifying the enthalpic contributions from the solute-solute energetic



12 interactions and; 3) a Debye-Hiickel term quantifying from the long-range electrostatic interactions between charged

w3 solutes. The eUNIQUAC equations are condensed in Eqgs. 3-6.

G = Gty + Gl + G5y ®)
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% - Lo () Sun (%)
Combz qumlln Zem (5)

@y Az M,A b3l
o = Tw A [m (1 +bDHI},{2) — b ly* + A= (6)
DH

w where oy [-] = (zi13) /(32 25m5), 05 [ = (2100) /(32 %05), 7ji [] = exp(—(wji — i) /T)), Iy [mol m™] = 0.537,; m;27,
App [g mol™1] = 1.131 + (1.335 x 103) x (T — Tp) + (1.164 x 1075) x (T — Tp)? and bpy [g mol~!] = 1.5.

1

I
&

146 Subsequently, the rational activity coefficients can be calculated by taking the partial molar derivative of the

7 excess Gibbs free energy, as described by Eqgs. 7-8.

1

=

In Yi = ln’Yz res T ln% comb T In Yi,DH (7)
bi o 2q; ¢z o
=1 1————1 1— =
. <ac2 + T; 2 " 91 + 0;
T;
+¢ [1—1In 0,7 0 =2
! za: n Z 7Sk Ok

{2ADHMw

14 bpul? — (14 bpyl/?)™r —2In(1 + bpyIL/? (8)

us  where ; res[-], Vi, coms[-] and 7; pu[-] denote the activity coefficients from the residual, combinatorial and electrostatic
1o contributions, respectively. The fidelity of the eUNIQUAC model in predicting the activity coefficients of water and
150 DME have been documented in Fig. 3 and our prior publications [24, 66].

s 2.1.2. Calculating vapor fugacity with the virial equation of state

152 The virial equation of state is leveraged to calculate the fugacity coefficients of the species in the vapor phase at
153 VLE and VLLE. Similar to the concept of activity coefficients, the fugacity coefficients quantify the deviations from
15 thermodynamic ideality arising from solute-solute interactions in the vapor phase [65]. Here, fugacity coefficients are
155 estimated based on the second virial coefficients, which are calculated using the method and mixing rules as proposed

15 by Tsonopoulos [64], as depicted in Egs. 9-14.

RTc.i
B = 5= (£ @) + w00 + 12 (5.) (9)
RT.,
Bij(Trig) = 5 (fi(O) (Trig) + wif D (Trig) + £ (Tm',j)) (10)
C,2,]
FNT,) = 0.1445 — 0.330T,; — 0.1385T; 2 — 0.01217,% — 0.000607T; (11)
FIUT0) = 0.0637 + 0.331T, 2 — 0.423T,% — 0.008T; (12)
1O (1) = T, = 0T (13)
2 PUZ‘
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where B; ; [-] and B; ; [-] denote the self and cross second virial coefficients, Tt ; [K] and P, ; [Pa] represent the critical
temperature and pressure of species 4, T).; [K™!] denotes the reduced temperature of species i, v; [m® mol~!] denotes
the molar volume of species ¢ and w; [-] represents the accentricity factor of species i. The fugacity and activity
coefficients have been used in conjunction to successfully correlate the phase compositions at VLE and VLLE, as

illustrated in Fig. 3 and our prior publication [66].

2.2. Process models for system energy consumption

The thermodynamic performance of the proposed low temperature heat-driven DME extraction system is eval-
uated with a process model that has been implemented and solved with numerical algorithms in Python [67]. The
enthalpy and entropy of the DME-water mixture necessary to evaluate the thermal and electrical energy consumption
(see Section 2.2.1) are calculated based on the validated excess Gibbs free energy model. The process model (see
Section 2.2.2) adheres to the core validated assumptions that have been widely used to evaluate thermal distilla-
tion systems for saline water desalination [21, 22, 68] and solvent regeneration [69, 70]. The sequence of numerical

algorithms is summarized in Fig. D.10.

2.2.1. Calculating mixture enthalpy and entropy

When the water-laden DME stream exiting from the liquid-liquid extractor in Fig. 2A is flashed to a lower pressure,
the DME-water mixture can separate into as many as three distinct phases at vapor-liquid-liquid equilibrium [47,
71, 72]. The three phases are the vapor, organic-rich liquid, and aqueous-rich liquid phases, which are abbreviated
with the superscripts “vap”, “org,liq” and “agq,liq”, respectively. The mixture enthalpy for each of the three phases,
at a given temperature, pressure and mole fraction, can be computed as the sum of pure component enthalpy and
the excess enthalpy of mixing, as depicted in Eq. 15. The pure component enthalpy and entropy of water and DME
are calculated using the Helmholtz free energy equation of state [73], as implemented in REFPROP [74].

The excess enthalpy of water and DME can be expressed in terms of the activity coefficients with the Gibbs-
Helmholtz equation and subsequently calculated with the eUNIQUAC model [61]. Here, the partial molar derivative
of the activity coefficient in Eq. 15 is calculated with a backward finite difference scheme. Similarly, the mixture
entropy of the DME-water mixture in a given phase at VLLE can be calculated with the pure and excess entropies,

as described in Eq. 16 [61].

ase ase ase ase 8 ase
HEE) = 37 grhas) g (oh RTQZ e (mafhd) (15)

Sr(yglzz;ase) _ Z xgphase) Si(phase _ RZ i In (FYZ(phase)xZ(phase)) (16)

where (phase) €{“vap”, “org,liq”, “aq,liq”}, Hfg;ase) [J mol~!] and Sffl};ase) [J K=! mol~!] denote the mixture
enthalpy and entropy of the DME-water mixture for a given phase at VLLE, and Hi(p hase) [J mol~!] and Si(p hase)
[J K= mol~!] represent the pure component enthalpy and entropy of species i. Thereafter, the total enthalpy and

entropy of the DME-water mixture can be calculated by summing the contributions from the three distinct phases
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at VLLE [75], as described in Eq. 17 and 18:

Hmi:r _ gvapH:)nZZ + (1 . é»vap)gorg,lqu:Zii,liq + (1 o é-uap)(l o Eorg,liq)Hﬁg;cliq (17)
Smix — gvapssiliizv + (1 _ gvap)é-org,liqss;‘g;liq + (1 _ é-va,p)(l _ é-org,liq)szrgi,;iq (18)
N vap
vap __
- Nvap +Norg,liq _|_Naq,l7,'q (19)
i
forg,liq — oo (20)

Norgliq N ag,lig
where H i, [J mol™1] and Sy, [J K~ mol~!] represent the total enthalpy and entropy of a DME-water mixture at
VLLE, and £V [-] and £°79-%4 [-] represent the vapor and organic-liquid quality at VLLE, respectively. We emphasize
that the vapor and organic-liquid qualities are distinct from the mole fractions or compositions of the three phases.
Here, as described in Eq. 19, the vapor quality is defined as the total molar amount of DME and water that exists
in the vapor phase relative to the total molar amount of DME and water in the mixture [75]. The expression for
vapor quality agrees with the conventional definition of quality at the vapor-liquid equilibrium of a pure species [75];
£V tends toward zero when no vaporization of the liquid occurs, and £”P tends toward one as the mixture is fully
vaporized. Similarly, as described in Eq. 20, the organic-liquid quality is defined as the total molar amount of DME
and water that exists in the organic-rich phase relative to the total molar amount of DME and water in the collective
liquid phases [75]; £°791" approaches zero if the mixture only forms a single aqueous-rich liquid phase at equilibrium
(VLE), and £°79!% approaches one if the mixture forms a single organic-rich liquid phase instead. Together, £

and £°791% define the molar partitioning of a DME-water mixture in an equilibrium state.

2.2.2. Estimating distillate and retentate compositions with species and energy conservation
Here, we develop the process model that is used to estimate the thermodynamic efficiency and specific heat
transfer area necessary for DME regeneration. This model leverages the same principles that have been widely

adopted to simulate thermal distillation systems for water desalination [18, 21, 22, 33]. The assumptions include:

1. Steady-state operation across the throttling valves, heat exchangers, condensers and compressors.

2. The composition of the distillate and retentate streams are determined by the equilibrium compositions at
vapor-liquid-liquid equilibrium.

3. The heat exchanger in each stage is sufficiently large to allow the full condensation of the input distillate stream
(i.e., output vapor quality = 0).

4. Condensation of the distillate from the previous stage occurs isothermally at the saturation temperature within

the lumen of the heat exchanger.

Negligible heat, energy and material are lost to the environment.

Negligible heat is generated by friction and similar losses.

The heat transfer coefficient is averaged over the length of the heat exchanger in each stage.

© N o o

The thermodynamic properties of the DME-water mixture are constant in each stage and are a function of the

stage temperature, pressure, and molar composition at equilibrium.

A schematic diagram of the heat-driven DME regeneration system is presented in Fig. 1, and the material and

energy transport across each recovery stage is delineated in Fig. 2B. In each stage, the retentate stream from the
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previous stage separates into vapor and liquid streams at VLLE or VLE. Under steady state operation, the total
molar flux of the DME-water mixture is conserved between the input and the output retentate and distillate streams,
as governed by Eq. 21. Further, the conservation of species requires that the molar flux of both species is constrained,

as represented by Eq. 22:

Nret,ifl = Ndist,i + Nret,i (21)
Nret,i—lxret,i—l = Ndist,ixdist,i + Nret,ixret,i (22)

where x g5, [-] represents the composition of the vapor phase at VLLE/VLE, @, represents the composition of
the liquid phase at VLLE/LLE, and Ndist’i [mol s71] and Ndl-st’i [mol s~!] denote the molar flux of the distillate and
retentate streams for the i-th stage of the recovery system, as depicted in Fig. 2B. Based on the compositions at
vapor-liquid equilibrium, the distillate vapor has a DME purity that exceeds 99 % [47, 71, 72]. The distillate stream
exiting from the (i — 1)-th concentration stage enters the lumen-side of the heat exchanger in the i-th concentration
stage, where it subsequently condenses to form a saturated liquid. The latent heat of condensation is re-captured to

distill additional DME from the retentate stream, as described by Eq. 23:
Qlatent,i - Hret,i—l(Teq,i7 gvap = 1) - Hret,i(Teq,i7 gvap = 0) (23)

where Qlatent,i [J s71] represents the captured latent heat of vaporization from the i-th concentration stage.

In each concentration stage, the equilibrium temperature, and the vapor and organic-liquid qualities are solved
simultaneously with a constrained trust-region optimization method that is implemented with the Scipy package in
Python [67]. The optimization problem is formulated in Eq. 24, and includes the constraints on the equilibrium
temperature, entropy change of the mixture and the conservation of the two species. The inputs to the optimizer
include the final pressure following flashing, the initial enthalpy of the retentate stream and the latent heat released
from the condensation of the distillate stream. The enthalpies and entropies of the output distillate and retentate
streams from each concentration stage can be calculated based on the derived equilibrium temperature, and the
vapor and organic-liquid qualities.

Ui . . i . Ui .
Teq,i7 fivap, ﬁiorg Y= argmin {‘Hmwc (Teq7 fvapa gorg Zq) - (Hmix (Teq,i—lv §ff€)7 Zofgl lq) + Qlatent,i)

Teq ,Evap gorg.liq

2} (24)

8.t. Teqi > Tvire(Peqs:), for vapor-liquid equilibrium
Teqi < Tvirre(Peqq), for liquid-liquid equilibrium
Teqi = Tvire(Peqi), for vapor-liquid-liquid equilibrium

aq,liq| »
i ’ Nmia:

Ni _ §prfap + (1 _ §;Jap)§org,liqxfrg,liq + (1 _ pr)(l _ é—_org,liq)x

i i i
< R & L
Smiz (Teq,i7 é—lpap’ ffrg lq) > sza: (Teq,iflv 6;}:11127 ;)Igl MZ)

where T.,; [K] denotes the equilibrium temperature of concentration stage i, and & [-] and &/ "9:19 ] represent
the output vapor and organic-liquid quality in concentration stage i.
Lastly, the amount of thermal energy consumed to recover 99 % of the input DME can be calculated based on

an energy balance across the first concentration stage, as described by Eq. 25

Qin = : ret,l(Teq,la ‘rret,l) + Hdist,l(Teq,la xret,l) - Hret,0<Teq,07 xret,O) (25)
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where Qm [J s71] represents the heat input from an external thermal reservoir in the first concentration stage.

In addition, electrical work is consumed to compress the distilled vapor in each concentration stage, and it is
affected by boiling point elevation of DME. As a result of the favorable intermolecular interactions between DME and
water, the chemical potential of DME is lowered in the liquid phase, thereby elevating the boiling point temperature
of DME [22, 75]. The distilled DME vapor in each concentration stage, consequently, will be superheated by
a temperature that is equal to the induced boiling point elevation [23]. To maintain the temperature difference
between the condensate and retentate in subsequent concentration stages, the distillate streams are compressed to
the saturation pressure of the superheated vapor [76, 77]. The total electrical work consumed is the sum of the
compression work in all of the concentration stages and the pumping power required to circulate the liquid DME

condensate stream back to the liquid-liquid separator, as described by Eq. 26

N¢ 15 Ny
x o Wcomp,i Ncond,iAPﬂow
Win B Z Nis * Z Pillpump (26)
i 4

where W;,, [J s71] represents the electrical power consumption, Wmmm [J s71] denotes the isentropic electrical power
consumed in stage 4, 7;s [-] and 7pump [-] represent the isentropic efficiency of the compressor and the pump, and
N; [] represents the total number of concentration stages. In accordance with literature conventions, we adopt

APy1op = 0.2 bar, ;s = 0.8 and 7pymp = 0.9 in this work [77, 78].

2.8. Performance metrics for system analysis

The temperature, vapor and organic-liquid quality, and thermal and electrical energy consumption at each con-
centration stage are calculated and used to evaluate the techno-economic viability of a DME-based solvent-driven
water extraction system. We discuss the metrics for thermodynamic efficiency in Section 2.3.1 and framework for

estimating the specific cost of water extraction in Section 2.3.2.

2.8.1. Metrics for thermodynamic efficiency
Here, following literature conventions [21, 32, 33, 77, 79], the specific thermal and electrical energy consumption
are calculated with respect to the volume of water extracted after the last concentration stage, as described in Eq. 27

and 28

SECy — Jin (27)
Nt

SECy, — Wi (28)
Nt

where SECt [kWh m™3] and SECE [kWh m™3] denote the specific thermal and electrical energy consumption,
respectively. The thermodynamic (Second Law) efficiency, which is defined here as the ratio of the least work of
separation to the actual exergy consumed [18], is calculated from the thermal and electrical energy input, as described
in Eq. 29
Gret,O - (Gret,Nt + Zi\[:tl Gdist,i)
n = - : (29)
Win + Qinnrgev

where n!l [-] denotes the thermodynamic (Second Law) efficiency relative to a reversible process. Here, nl. [—] =

1- % represents the Carnot efficiency of a reversible power generation cycle relative to a dead state temperature

10
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(Tys = 298.15 K), and is used to calculate the exergetic value of the heat input [18, 21, 78]. The Gibbs free energy
of the respective streams is calculated from the mixture enthalpy and entropy, as previously described in Eq. 17 and
18. Lastly, the specific area necessary for DME regeneration is the cumulative sum of the heat transfer area in the
concentration stages, as expressed by Eq. 30

1 .in atent,t
Ay = = 9 +ZU Qaten (30)

Nret,Nt Ul( eq,source —_ eq, eq,z 11— eq z)

where Ay, [m? m~?] represents the specific area per unit volume of water extracted, Nyc; n, [mol s~!] denotes the
output flow rate of the recovered water, and U; [W m~2 K~!] represents the heat transfer coefficient, which is
estimated based on the Nusselt number correlations proposed for corrugated heat exchangers [10, 21, 22]. Here,
the specific area was chosen as the key metric to estimate capital costs of constructing thermally driven systems, in
accordance with literature conventions [21, 68]. In this analysis, the heat exchanger area is derived from the latent
heat required to vaporize the DME-rich solution, rendering the specific area of proposed solvent concentration system

effectively independent of the heat source type.

2.83.2. Metrics for economic feasibility

In this work, we adapt a techno-economic model that has been used to investigate multi-effect distillation for
zero-liquid discharge desalination to project the specific cost of DME recovery with our proposed system [21]. The
hyperparameters of the techno-economic model are summarized in Appendix E. Here, the capital cost, which
includes the cost of the pumps, compressors, heat exchangers, throttle valves and pipes, is assumed to scale linearly
with the specific heat exchanger areas [21]. The net annual capital cost of the equipment is amortized over a period
of 15 years and is normalized with an annuity factor (AF) that is calculated based on the prevailing interest rate of

the central bank in a particular country, as expressed in Eq. 31 and 32

Z CCap
CapEX,, = AF N ” (31)
T
1— 1
AF — M (32)
r

where Cicap € {Cpumps Ceompr Chas Coalves; Cpipe}, CapEX,, [US$ m~?] denotes the annual capital cost, r |-
] represents the annual interest rate, AF [-] represents the annuity factor, and T [] is the number of years for
capital amortization. We note that the techno-economic model considers neither legal, permitting and siting, and
consultancy costs, nor other indirect capital costs arising from insurance, contingency and freight, due to a dearth of
publicly available information [21, 57, 80]. The operating cost is the sum of the cost of thermal and electrical energy
consumption and estimated miscellaneous costs for chemicals (including make-up DME), labor and maintenance, as
expressed in Eq. 33. The specific cost of water extraction is the sum of the capital and operating costs, as given by

Eq. 34
OpEX,, = CF (33)

i

Cspyr = CapEX,, + OpEX,, (34)
where C’Z-Op € {Ciherms Ceieey Cenems Clabor, Cmaint}, and OpEX, . [US$ m~3] represents the annual specific operating

cost, and Cyyp - [US$ m™3] denotes the specific cost per unit volume of water extracted.
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Figure 3: (A) Liquid-liquid equilibrium temperature as a function of the NaCl mole fraction and NaCl-free water mole fraction. The
experimental data are obtained from Holldorff and Knapp [47] and McNally et al. [31]. The maroon and blue contoured lines represent
the organic- and aqueous-rich phases, respectively. A prominent “salting-out” effect is observed in the presence of salt, which reduces
the water uptake capacity of DME. (B) Plot of the vapor-liquid equilibrium pressure as a function of the NaCl-free water mole fraction.

The experimental data are obtained from Holldorff and Knapp [47], and Pozo et al. [71, 72]. The beige area represents the region of

vapor-liquid-liquid equilibrium.
3. Results and Discussion

3.1. Inducing spontaneous vaporization of dimethyl ether with small flash pressures

In solvent-driven water extraction, as illustrated in Fig. 1, the organic solvent first contacts a hypersaline feed
stream in a counter-current liquid-liquid separator [24]. As delineated in our prior publication, a counter current
liquid-liquid separator can be modeled with n equilibrium stages, where the aqueous- and organic-rich streams are
in local liquid-liquid equilibrium (LLE) in each stage [24]. The water content of the DME-rich stream increases in
each stage, as water is absorbed from the aqueous-rich across the liquid-liquid interface. Simultaneously, the water
content in the aqueous-rich stream decreases, and the NaCl concentration consequently increases with increasing
stages until it exits the liquid-liquid separator as a concentrated brine. Our prior experimental measurements show
that DME selectively extracts water over NaCl into the organic-rich phase, as a result of its low dielectric constant
of 5.34 at a temperature of 304 K [31]. The concentration of NaCl in the product organic-stream, consequently,
is over three orders of magnitude lower than the NaCl concentration in the saline feed brine, and may fall below
the detection limits of inductively coupled plasma optical emission spectroscopy (ICP-OES) for lower salinity feed
solutions [24, 31, 46].

Even though NaCl does not partition readily into the DME-rich stream, the presence of inorganic solutes in
DME-water mixtures has a profound impact on the equilibrium composition of the aqueous- and organic-rich phases
at LLE (see Fig. 3A). Small inorganic charged solutes like NaCl hydrolyse readily in polar solvents like water,
thereby reducing water’s chemical potential in the aqueous-rich phase at equilibrium [81, 82]. The reduction in the
chemical potential of water, consequently, facilitates a reduction of the water solubility in the DME-rich phase at
LLE, which is a phenomenon known as the “salting-out” effect [46, 83]. For instance, as the NaCl mole fraction

in the hypersaline feed stream increases from 0.02 (1.0 mol L™!) to 0.08 (4.0 mol L), the salt-free mole fraction
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Figure 4: Vapor and organic liquid quality at vapor-liquid-liquid equilibrium for a dimethyl ether (DME) stream flashed from an initial
pressure of 6 bar. The DME is the water-laden output organic stream from an upstream liquid-liquid extractor that has been contacted

with a hypersaline NaCl brine at a mole fraction of: (A) 0.02; and (B) 0.08.

of DME in the aqueous-rich phase decreases from 0.092 to 0.037, while the modeled mole fraction of water in the
organic-rich phase decreases from 0.140 to 0.090. As a consequence, the NaCl concentration of the saline feed stream
limits the attainable water recovery in a liquid-liquid separator. This effect dictates the amount of DME recovery
that is required after liquid-liquid extraction.

As illustrated in Fig. 1, a high purity DME stream can be regenerated from the water-laden organic-rich stream
exiting from the liquid-liquid separator, through a series of heat-driven concentration stages. In this work, we aim
to exploit the large differences in the volatility between water and DME for rapid and efficient organic solvent
recovery following liquid-liquid extraction. Fig. 3B illustrates the phase compositions of a DME-water mixture at
vapor-liquid and vapor-liquid-liquid equilibrium, as a function of the pressure and temperature [47, 71, 72]. The
horizontal lines within the beige band depict the three phase (VLLE) region, while the upper and lower curves for
each temperature represent the bubble and dew point curves, respectively. In other words, the DME-water mixture
exists as a single liquid phase at pressures above the bubble point curve, and exists as a single vapor phase when the
pressures are below the dew point curve. At a VLE temperature of 293 K, we observe that the DME composition
of the vapor phase exceeds 99.5 %, at equilibrium pressures above 2 bar [47, 71, 72]. This large relative volatilty
between DME and water can be leveraged to recover high purity DME at temperatures of 323 K or lower. Further,
as the equilibrium temperature increases from 273 K to 323 K and greater, the purity of the DME vapor decreases
from 99.5 % to 98 % over the same pressure intervals. As the temperature increases towards the boiling point of pure
water, the relative volatilty between DME and water decreases, resulting in more water partitioning into the vapor
phase at VLE [47]. Consequently, a more efficacious recovery of high purity DME is enabled with lower VLE/VLLE
temperatures (T < 50°C), enabling the use of ultra-low-grade heat from low-temperature heat reservoirs [70, 78].

For a DME-water mixture that exists in VLE or VLLE, excess thermal energy must be supplied to enhance DME
vaporization, by driving the equilibrium point rightward, to achieve >99 % DME recovery [21, 68, 84]. As discussed
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in Section 2.2.1, the equilibrium point of a DME-water mixture at VLLE is defined by the vapor and organic-liquid
qualities. Here, we stress that the vapor and organic-liquid qualities are distinct from the composition of the vapor
and liquid phases at VLLE. The former defines the molar amounts of DME and water that exist in the vapor and
organic-rich liquid phases, while the latter describes the ratio of DME relative to water in the vapor and liquid
phases [75]. Fig. 4 illustrates the vapor and organic-liquid qualities of a DME-water mixture at vapor-liquid-liquid
equilibrium, after the organic-rich stream exiting from the liquid-liquid separator is flashed without heat addition.
Fig. 4A and B correspond to the output organic streams following water extraction from a saline feed with a NaCl
mole fraction (z;%) of: (A) 0.02 (1.0 M); and (B) 0.08 (4.0 M). The NaCl concentrations are selected to model the
retentate streams from reverse osmosis [85] and minimal liquid discharge [86] applications.

From Fig. 4, we observe that a water-laden organic-rich stream exiting from the liquid-liquid separator at 6 bar
can attain VLLE without external heat input at 320 K, achieving a vapor quality of 0.04 and 0.07 for xgz. = 0.02
and ajg_?i = 0.08, respectively with a 0.5 bar flash pressure; as temperature increases to 350 K, the vapor quality
increases to 0.21 and 0.027, for ;% = 0.02 and 2% = 0.08 with the same flash pressure. The DME vaporization is
driven entirely by the inherent enthalpy of the pressurized organic-rich mixture, an observation similar to that with
ethanol-water mixtures [87, 88]. As equilibrium temperature increases from 320 K to 350 K, the enthalpy of the
organic-stream increases proportionally, resulting in the observed enhancement of the vapor quality at a given flash
pressure [68]. Similarly, the vapor quality at VLLE increases with increasing flash pressures because the enthalpy of
the mixture’s vapor phase decreases more rapidly with pressure as compared to the liquid phases [68, 78].

Further, we observe that the organic-liquid quality decreases with temperature and flash pressure, as illustrated in
Fig. 4A and B. This observation demonstrates that DME is increasingly vaporized from the organic-rich liquid phase
with higher temperatures and flash pressure, consistent with species conservation. While the results in Fig. 4 might
suggest that DME may be recovered more facilely at higher temperatures and with greater flash pressures, the purity
of the DME vapor decreases with temperature (see Fig. 3B). In essence, the LLE and VLE phase equilibrium behavior
of DME-water mixtures suggests that system-scale performance would be highly sensitive to the flash pressure, heat
source temperature and the NaCl mole fractions. The inherent interaction between the energy consumption and

output DME purity is scrutinized over a range of independent variables in the system-scale analysis below.

3.2. Achieving high yield recovery of DME with ultra-low-grade heat sources

The accuracy of our computational model in predicting the system-scale energetic and economic performance rests
on the fidelity of the activity and fugacity coefficient models in predicting thermodynamic equilibrium [9, 24, 33].
The juxtaposition between the predicted and experimental phase compositions at LLE, VLE and VLLE are shown
in Fig. 3. The results indicate that the eUNIQUAC and virial equation of state models align with the experimental
measurements to a large degree, registering a mean absolute error of 2.1 % and 3.2 % for the LLE and VLE
experiments, respectively.

We next evaluate the feasibility of achieving high recovery of DME from the water-laden organic stream exiting
from the upstream liquid-liquid extractor in Fig. 1. Fig. 5A illustrates the composition and temperature of the
retentate and distillate streams, as a function of the number of concentration stages, at a fixed interstage flash
pressure of 0.5 bar. Here, heat at 320 K is supplied to the first concentration stage. As illustrated in Fig. 2B, in each

solvent concentration stage (stage ), the retentate stream from the previous stage (stage ¢ — 1) is throttled to attain
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Figure 5: (A) Retentate and distillate composition and temperature as a function of the number of solvent concentration stages. Here,
the heat transfer area is dictated by the temperature difference between the retentate and distillate streams. (B) Plot of the stage
temperature and the DME recovery as a function of the interstage pressure and the number of recovery stages. (C) Plot of the specific

thermal energy consumption and the specific area of the solvent concentrator as a function of the interstage pressure and the number of

recovery stages.

VLLE at a lower temperature and pressure, and sprayed over a tube bundle in the shell-side of a heat exchanger.
The distillate stream from the previous stage (stage ¢ — 1) condenses at a higher relative temperature within the
tube-side of the heat exchanger, and the released latent heat of condensation vaporizes DME from the retentate
stream in the shell-side. In this process, the temperature difference for heat transfer that exists between the distillate
and retentate streams is controlled by the interstage flash pressure [21, 22], as depicted by the triangular markers in
Fig. 5A. In other words, the interstage flash pressure generates the temperature difference that is necessary to recover
the latent heat of condensation from the distillate stream in each stage. The retentate and distillate temperatures,

consequently, decrease with stage count as a result of the reduced VLLE pressures from interstage flashing [68].
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Further, the solid and hatched bars in Fig. 5A denote the composition of the retentate and distillate streams
with increasing concentration stages. As expected, with increasing stage numbers, the molar quantities of DME and
water in the retentate stream decrease, while the molar quantities of DME and water increase in the distillate stream.
Notably, the molar flow rate of water in the retentate stream remains approximately constant, decreasing from 0.112
to 0.105 between the first and the last stage, while the molar flow rate of DME in the distillate stream increases from
0 to 0.878 over the same interval. The system exhibits a DME /water selectivity ratio of approximately 125 without
the need for reflux or reboilers [75], attains a 99 % recovery of the DME from the input organic-rich stream, and
achieves a recovered condensate stream DME purity of at least 99.3 %.

Fig. 5B illustrates the relationship between the stage temperature and DME recovery rate, and the interstage
flash pressure and number of concentration stages. The upward and downward triangular markers represent the
stage temperature and DME recovery for five interstage pressures, respectively. In agreement with the preceding
paragraphs, the slope of the stage temperature curves increases with increasing interstage flash pressure, indicating
that a larger temperature gradient is available to drive heat transfer between the distillate and retentate streams [21,
68]. In other words, a larger interstage flash pressure reduces the heat transfer area required to transfer a given
amount of latent heat between the distillate and retentate streams. This phenomenon has a profound impact on the
techno-economic performance of the system, as discussed below. Further, our results indicate that the number of
stages required for 99 % recovery of DME decreases with increasing interstage flash pressure (AP;,;). As illustrated
in Fig. 5B, the minimum number of concentration stages for 99 % DME recovery drops from 14 to 7 when the
interstage pressure increases from 0.1 bar to 0.5 bar.

Fig. 5C illustrates the specific thermal energy consumption as a function of the interstage pressure and the
number of concentration stages. The comparisons in the figure are performed under the operating constraints of a
temperature source at 320 K and a final DME recovery of 99 %. First, our computational results indicate that the
specific thermal energy consumption (SECr) of the system decreases sharply with a larger number of concentration
stages, across interstage pressures of 0.1 bar to 0.5 bar. The SECT decreases from 684.1 kWh m—2 to 36.6 kWh
m~3 when the concentration stage count increases from 2 to 7, with an interstage flash pressure of 0.5 bar. Systems
with a larger total stage count allow a larger proportion of the condensation latent heat from the distillate stream
to be harvested for DME distillation [21, 22, 68]. The enhanced enthalpy recycling sharply reduces the amount of
heat input that is necessary in the first concentration stage and minimizes the cooling load required in the final stage
condenser (Fig. 1), yielding a synergistic reduction in the specific thermal energy consumption.

Further, our calculations indicate that the rate of decline in the SECT is more pronounced with larger operating
interstage flash pressures. As discussed in Section 3.1, a larger interstage flash pressure enhances the spontaneous
vaporization of DME from the retentate stream. Here, the quantity of DME that vaporized spontaneously increases
by 36.6 % when the interstage flash pressure is raised from 0.1 bar to 0.5 bar, reducing the required heat input for
high yield DME recovery, thereby corroborating the computational findings in Fig. 4.

The impact of interstage flashing and the concentration cycle count on the specific heat transfer area is illustrated
on the right vertical axis in Fig. 5C. In agreement with the preceding paragraphs, systems that employ a larger
interstage pressure require lower specific heat transfer areas, as a result of the larger temperature differences between

the distillate and concentrate streams [68, 78]. For instance, the specific area decreases from a high of 2.79 x103
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m? m~3 to 0.468 x10% m? m~3, corresponding to an increment of AP;,; from 0.1 bar to 0.5 bar. Cost effective
thermal distillation systems, including multi-stage flash and multi-effect distillation, typically employ specific areas
of up to 0.75 x10% m? m~3 to minimize capital costs [21, 22, 68]. The specific area of our proposed configuration
lies within these conventional operating limits, which suggests that a heat-driven extraction system with DME may

be economically viable for hypersaline brine concentration.

3.8. Optimizing process parameters for thermodynamic efficiency and specific cost

In the preceding sections, we demonstrated that the system-scale techno-economic performance is likely heavily
influenced by the heat source temperature and the interstage flash pressure. Fig. 6A illustrates the thermodynamic
(2nd Law) efficiency as a function of the flash pressure, for heat source temperatures of 323 K, 348 K and 373 K.
The thermodynamic efficiency is the ratio of the least exergy of separation to the actual exergy consumed by thermal
and electrical energy input [12, 21, 22]. As previously described in Section 2.2.2, thermal energy is consumed to
drive DME vaporization in the first concentration stage, while electrical work is largely consumed for DME vapor
compression in each concentration stage (if required). Our model suggests that the solvent extraction system can
achieve thermodynamic efficiencies of 0.205, 0.112, and 0.080, leveraging heat from thermal reservoirs at 323 K, 348 K
and 373 K, respectively. The computed thermodynamic efficiencies align with the reported values for multi-effect
distillation and multi-stage flash systems operating with similar heat source temperatures [18, 21, 69, 70, 76].

Notably, across the three tested heat source temperatures, the results show that our proposed system attains a
local optimum thermodynamic efficiency for interstage flash pressures of 0.4-0.5 bar. In general, thermal distillation
systems (e.g., multi-stage flash) exhibit a decreasing thermodynamic efficiency with increasing flash pressures, as a
consequence of the unavoidable entropy generation from the free expansion of a fluid in a throttling valve [68, 89].
Consequently, as illustrated in Fig. 6A, we observe a similar phenomenon, where the thermodynamic efficiency of
the solvent concentration system increases from 0.024 to 0.205 at Ty = 323 K as the flash pressure falls from 1.0-
0.5 bar (Effect 1). As exemplified in Fig. 6A, on the other hand, the ratio of electrical work to heat consumption
decreases with increasing flash pressure. As the interstage flash pressure increases, a larger temperature difference is
created between the distillate and retentate streams in each concentration stage, and less vapor compression work is
consumed combating the adverse effects of boiling point elevation in the distillate stream. A unit of thermal energy
from a low temperature reservoir at 323 K, 348 K and 373 K has an exergetic value that is 84.5 %, 78.8 % and 73.2 %
lower than a unit of electrical work, respectively, relative to a dead state temperature of 298.15 K. [75]. The exergy
consumption of the solvent concentrator, consequently, decreases in proportion with the decreasing electrical work
consumption over the range of the interstage pressures from 0.1 bar to 0.5 bar (Effect 2). When the competing impacts
of the irreversible entropy generation (Effect 1) and the exergy consumption (Effect 2) from interstage flashing are
superimposed, therefore, a local maximum as observed in Fig. 6A in the thermodynamic efficiency is derived.

Fig. 6B illustrates the thermodynamic efficiency as a function of the heat source temperature for five interstage
pressures ranging from 0.1 bar to 0.5 bar. In general, the thermodynamic efficiency increases with lower heat source
temperatures because the exergy consumption per unit joule of heat decreases with temperature [75]. For instance,
the thermodynamic efficiency increases from 0.109 to 0.239 as the heat source temperature declines from 350 K to
320 K with an interstage pressure of 0.5 bar. Further, the gradient of the thermodynamic efficiency with respect

to the heat source temperature decreases with decreasing interstage temperature. As discussed in the previous
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Figure 6: Thermodynamic (Second Law) efficiency of the solvent concentrator as a function of: (A) the interstage flash pressure; and
(B) the heat source temperature. An optimal thermodynamic efficiency is observed for an interstage flash pressure of 0.4-0.5 bar,
while a monotonically decreasing relationship to the heat source temperature is seen. Plot of the specific cost per unit volume of water
extracted as a function of: (C) the interstage flash pressure; and (D) the heat source temperature. Similar to the relationships with the
thermodynamic efficiency, an optimal specific cost is observed for an interstage flash pressure of 0.4-0.5 bar. The specific cost tends to

infinity with lower temperature heat reservoirs as a consequence of divergence in the heat exchanger area.

paragraph, the ratio of work to heat consumption increases with smaller interstage pressures, shifting the process to
be more electically-driven. The thermodynamic efficiency, consequently, becomes less variable with the temperature
of the thermal reservoir for systems employing lower interstage pressures.

The influence of the interstage flash pressure on the specific cost of water recovery is illustrated in Fig. 6C,
for heat source temperatures of 307 K, 323 K, and 373 K. We stress that the specific costs reported in this section
correspond to the ideal production cost of water extraction, and do not include the profit margins and other additional
business costs, as delineated in Section 2.3.2. Similar to the observations with the thermodynamic efficiency, our
results suggest that there is a local minimum in the specific costs at an interstage pressure interval from 0.4 to 0.5

bar. Likewise, the local minimum in the specific cost is the result of a superposition of two effects: 1) the capital
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cost declines with increasing interstage flash pressure, as the larger temperature gradient necessitates a smaller heat
transfer area in each stage, and 2) the operational costs increases with increasing interstage flash pressure as a result
of higher energy consumption from the reducing thermodynamic efficiency.

Fig. 6D depicts the specific cost of water recovery as a function of the heat source temperature, for five interstage
pressures ranging from 0.1-0.5 bar. Our results suggest that the specific cost is fairly invariant to the heat source
temperature when T exceeds 315 K across the five tested interstage pressures. This phenomenon is a result of the
invariance of the capital costs, because the bulk of the heat exchanger area is defined by the temperature gradient
between the distillate and retentate streams in stages 2 to N, as previously illustrated in Fig. 4A. As the heat
source temperature decreases, however, we observe an asymptotic behavior with the specific cost in Fig. 6D, which
diverges to infinity at a limiting temperature. The limiting temperature for each interstage pressure curve occurs at
the equilibrium temperature in the first concentration stage. As the heat source temperature approaches the first
equilibrium temperature, the requisite heat exchanger area and capital cost exponentially inflates, and consequently,
the specific cost of water extraction diverges to infinity [21]. Although it has not been considered in this analysis, the
reduced scaling tendency in heat exchangers with SDWE could permit the use of less corrosion-resistant and more
cost-effective materials, further decreasing the specific costs as detailed in Fig. 6D.

In total, the analysis presented collectively in Fig. 6A—D illustrates the viable operating window of an ideal
DME-based solvent concentration system. With a heat source temperature of 323 K, our model suggests that the
locally minimized specific cost is US$ 1.93 m™3, at an interstage pressure of 0.489 bar. In comparison, an ideal
multi-effect distillation system for zero-liquid discharge desalination (i.e., a practical system that is otherwise not
afflicted by scaling of heat and mass exchangers) exhibits specific costs between US$ 1.5 m~3 to US$ 2.2 m—3,
calculated based on similar thermodynamic and economic assumptions [21]. In other words, the similarity in specific
costs with a commercialized brine concentration technology suggests that solvent-driven brine concentration could

be economically effective for hypersaline water extraction.

3.4. Quantifying local interest rate and business cost impacts on the specific cost

Here, we illustrate the impact of the major constituents of the techno-economic model for the projected specific
cost of water recovery. Once again, we emphasize that the techno-economic projection represents the ideal production
cost of water recovery, and does not consider profit margins, consulting, legal, permitting and other unpredictable
latent business costs that will influence the actual selling price at economic market equilibrium [3, 90].

Fig. 7 illustrates the projected specific cost of water for six countries with existing high salinity brine treatment
industries, leveraging heat from a thermal reservoir at 323 K. The economic projections are conducted based on
recently published techno-economic models for multi-effect distillation [21] and high salinity electrodialysis [3]. The
interest rates, labor and energy costs are adapted from global surveys as of October 2023 (see Appendix E). The
capital costs are amortized over a period of 15 years, and central bank interest rates are assumed. The total structural
and equipment costs are assumed to scale linearly with the heat exchanger areas [21]. As expected, the specific cost
of water recovery increases with feed salinity as the least work of separating water from a mixture rises, agreeing
with previously published thermodynamic analyses [12, 23, 38, 78, 90].

Our economic estimates suggest that the capital costs of constructing a solvent-driven brine concentration facility

are most heavily influenced by interest rates. For example, a larger fraction of the specific costs is attributed to
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Figure 7: Specific cost per unit volume of water extracted with the DME-based system, operating with a heat source at 323 K and an
interstage flash pressure of 0.5 bar. The techno-economic analysis is projected based on the prevailing central bank interest rates, and
the estimated local labor, energy and chemical costs as of October 2023. The specific costs correspond to the estimated cost of recovering
a cubic meter of water from a water-laden DME stream, following liquid-liquid extraction from a hypersaline brine feed with an initial

NaCl mole fraction of: (A) 0.02; and (B) 0.08.

a higher amortized capital costs for Brazil, which has a central bank interest rate of 13.75 %, as compared to the
United States interest rate of 5.5 %. Further, the techno-economic model assumes the availability of low-grade heat
at a discounted price [55]; the specific cost of water is expected to rise by an estimated amount between US $ 0.50
m~3 to US $ 0.75 m~3 if high quality steam at 100 °C has to be employed [21].

Across the six modeled countries, the results suggest that the capital and operational costs have an impact
comparable to the net specific costs. However, in practically sized systems, the presence of unforeseen fugitive
losses in the retentate pressure and material leakage during throttling may reduce the thermodynamic efficiency, and
increase the total energy consumption [68]. Nevertheless, the economic results appear to indicate that the specific cost
of water production is comparable to commercialized brine concentration technologies when similar assumptions are
adopted for the techno-economic projections [21, 78]. All in all, the preliminary techno-economic assessment suggests
that the solvent-driven brine concentration system is potentially economically competitive for water extraction from

hypersaline streams, warranting a deeper industrial consideration.

4. Implications for solvent-driven water extraction

In this study, we present a computational investigation of a novel dimethyl ether (DME)-based solvent-driven
water extraction (SDWE) system, tailored for brine concentration and fractional crystallization applications. The
energetic and techno-economic viability of the proposed SDWE system is analyzed with a system-scale computational
model that combines thermodynamics, phase equilibrium, and process optimization. Specifically, we investigate the
process of reconcentrating a water-laden DME stream to realize a circular solvent economy. To this end, we have
selected NaCl as a model feed solution to investigate the influence of critical operational parameters, including
interstage flash pressure, the number of concentration stages, and the heat source temperature, on the system’s

energy efficiency and economic viability. This parametric analysis is designed to provide insights that, although
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initially focused on NaCl solutions, are anticipated to be applicable to a broader range of inorganic solutions.

Central to this system is the exploitation of DME’s unique properties—its low polarity and its ability to form
an asymmetric hydrogen bond with water. This synergistic combination facilitates selective water extraction from
hypersaline brines, enhancing water solubility over charged ions by a factor of 10%. The combination of the extended
universal quasichemical (eUNIQUAC) model and the virial equation of state within the framework effectively predicts
activity and fugacity coefficients, registering mean absolute errors of 2.1 % and 3.2 % when determining compositions
at phase equilibrium. Our computational findings suggest that high yield (> 99 %) DME recovery using ultra-low-
grade heat sources (T < 50 °© C) can be attained with the proposed solvent concentrator. The solvent concentrator
within the SDWE system is a key component, facilitating DME recovery through heat-driven concentration stages.
Across heat source temperatures ranging from 323 K to 373 K, optimal operation is achieved at interstage flash
pressures between 0.4 bar and 0.5 bar, with superior performance observed at lower heat source temperatures.
Notably, an optimal thermodynamic efficiency and a minimized specific cost were observed at an interstage pressure
of 0.489 bar and a heat source temperature of 323 K, with the specific cost of water production at US$ 1.93 m—3.
With a heat source temperature of 323 K and an interstage flash pressure of 0.5 bar, the system attains a DME /water
selectivity ratio of approximately 125 and a 99 % recovery rate of DME, with a distillate purity of 99.3 %.

Our preliminary techno-economic analysis underscores the influence of various factors like capital and operating
costs, alongside local economic conditions such as interest rates and energy prices, on the system’s viability. For ex-
ample, our analysis indicates that the specific cost of water extraction is most heavily influenced by the local interest
rate, as a consequence of its impact on the amortized capital costs. Using the same assumptions in the techno-
economic projections, the DME-based SDWE system emerges as a potentially cost-effective and energy-efficient
solution for hypersaline brine treatment, achieving comparable specific costs with existing commercial thermal dis-
tillation technologies while mitigating the scaling risks on heat and mass exchangers.

To fully realize the capabilities of the DME-based SDWE system, however, several key areas necessitate future
investigation. To bridge existing knowledge gaps, understanding the water extraction kinetics between the organic
solvent and water in the liquid-liquid separator is crucial, since deviations from the expected liquid-liquid equilibrium
may potentially attenuate the thermodynamic and material efficiencies [14]. Further experimental investigation with
representative brines and leachates is required to quantify the effects of multicomponent inorganic mixtures on phase
compositions at solid-liquid and liquid-liquid equilibrium, due to their significant impact on water’s chemical potential
and effective dielectric constant [7, 49, 50]. Consequently, the techno-economic viability of DME-driven extraction
must be revisited based on empirical data derived from experiments with the representative brines and leachates.

The high volatility of DME, a small organic molecule, poses a risk of leakage through fittings in the solvent
concentrator, with potential material losses. Additionally, enhancing heat transfer efficiency in the solvent concen-
trator is vital, and this suggests opportunities for heat exchanger surfaces with favorable wettability characteristics to
DME. Moreover, via gas chromatography - flame ionization detection (GC-FID), our prior experiments on extracting
residual DME from water have shown that simply leaving the solution in an open, stationary vessel can substantially
lower DME concentrations to between 5 and 50 ppm, suggesting the feasibility of recycling DME via a recovery
polishing step that captures the DME removed from the water [91]. This necessitates a comprehensive evaluation

of the energy efficiency and cost-effectiveness of various polishing methods, including vacuum application, adsorp-
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tion, and membrane processes, aimed at reducing DME leakage and improving system efficiency. Lastly, given the
economic sensitivity to the price of low-grade heat, it is imperative to consider local energy costs for more accurate,

regionally-specific techno-economic projections.

Appendix A. Scaling Limitations for Hypersaline Brine Concentration

Figure A.8A plots the specific energy (electrical work equivalent) of various water extraction technologies as a
function of the concentration of the saline feed [92]. In general, membrane technologies register lower specific energies
as a result of the high water selectivity of reverse osmosis membranes and the use of energy recovery devices like
pressure exchangers [89, 93]. However, the limitations arising from the high osmotic pressure of concentrated brines
restrict most practical use of membranes to feed solutions that are under 70 g L=t [17, 93].

Thermal distillation technologies including multi-effect distillation [22, 78] and multi-stage flash [68] are more
tolerant of concentrating brines at higher feed salinities. However, the presence of sparingly soluble inorganic solutes,
such as the sulfates and phosphates of calcium and magnesium, poses scaling risks for the heat and mass exchangers
in these systems [89, 94, 95]. The deposition of inorganic scales reduces the heat and mass transfer efficacy, raising
the energy consumption, lowering the net water recovery, and leading to increased maintenance and operational
costs [14, 21, 38].

Solvent-driven water extraction has garnered increased attention in recent years, driven by the need for brine
concentration technologies that are less susceptible to the adverse effects from inorganic fouling [7, 9, 14, 24, 32,

34-36, 38, 39, 43, 46, 96]. As illustrated in Fig. A.8B, in solvent-driven water extraction, the organic solvent
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Figure A.8: (A) Specific energy consumption of membrane and thermal desalination technologies as a function of the feed concentration.
The specific energy costs of osmotically assisted reverse osmosis is based on computational predictions (dashed boundaries), and have
not been demonstrated industrially [17]. The exposure of the heat exchangers to hypersaline brines results in scale deposition, negatively
impacting the efficacy of heat transfer [89, 92]. (B) An aprotic solvent extracts water across an organic-aqueous liquid interface into the
organic-rich phase, while isolating the charged ions and other potential scalants in the aqueous-rich phase [9, 14, 24, 43]. The near-salt-free

water-laden organic phase can be re-concentrated to recover the solvated water.
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Figure A.9: (A) Composition of both aqueous- and organic-rich phases in binary solvent-water mixtures at liquid-liquid equilibrium
(LLE). Specifically, dimethyl ether is noted for its substantial capacity to carry water, reaching up to 22 % by moles in the organic-rich
phase at LLE. (B) Plot depicting the relative volatility against the normalized enthalpy of vaporization for various binary solvent-water
mixtures. Solvents positioned towards the upper left quadrant of this plot generally indicate higher separation coefficients, suggesting
that such solvents can be purified to high degrees at relatively lower temperatures. Notably, dimethyl ether, located in the uppermost
left quadrant, is identified as the solvent most efficiently recoverable post liquid-liquid extraction. This figure is adapted from our prior

open-access publication [14].

extracts water preferentially into the organic-rich phase, retaining the charged inorganic solutes in the aqueous-rich
retentate. Thereafter, the water-laden organic solvent is siphoned out and re-concentrated with a separate process to
recover the extracted water. The critical water /salt mass transfer selectivity occurs along the organic-aqueous liquid-
liquid interface, isolating the occurrence of inorganic scaling away from the downstream heat and mass exchangers.
Consequently, solvent-driven water extraction technology is amenable to feed solutions of much higher concentration,
facilitates fractional crystallization of scalants or other target solutes in the bulk solution, and can be potentially
leveraged to realize zero-liquid discharge desalination. As illustrated in Fig. A.9A & B, dimethyl ether (DME)
emerges as a promising solvent candidate, attributed to its significant water absorption capacity and one of the

highest relative volatilities, facilitating easy regeneration after water extraction.

Appendix B. Thermodynamic Fundamentals for Liquid-Liquid and Vapor-Liquid Equilibrium

The First Law of Thermodynamics for a mixture in a microcanonical ensemble undergoing isothermal heat transfer

can be expressed as [75]:

N
dU = TdS — pdV + Y pdN; (B.1)
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where U [J], S [J K~!] represent the internal energy and entropy, 7' [K], P [Pa] and p; [J mol~!] represent the
temperature, pressure and chemical potential of species i, and V' [m3] and N; [mol] represent the volume and the
molar amount of species i, respectively. The thermodynamic potential in an isobaric-isothermal ensemble (NPT

ensemble) can be derived with a Legendre transformation, yielding the Gibbs free energy:

dG = d(U +pV —TS) (B.2)
=dU 4 pdV + VdP — TdS — SdT (B.3)

N
=VdP — SdT + ) pdN; (B.4)

where G [J] denotes the Gibbs free energy of the mixture. The Second Law of Thermodynamics states that, in an
isolated system (i.e., microcanonical ensemble), any spontaneous process will either increase or preserve the entropy
of a system [75], as described in Eq. B.5. When the same Legendre transformation is applied, it can be shown that

the Gibbs free energy extremum principle applies in the NPT ensemble, as denoted in Eq. B.6 [75].

dSsys + dSeny > 0 (B.5)
Gy < 0 (B.6)

2

where the subscripts “sys” and “env” represent the system and the environment, respectively. As a consequence,
systems that are in thermodynamic equilibrium in the NPT ensemble would have equal Gibbs free energies [22]. For
a two-phase mixture that exists in equilibrium in the NPT ensemble, the Gibbs free energy extremum principle is

satisfied by:

T(phase,1) _ rp(phase,2) (B.7)
P(phase,l) _ P(phaSE,Q) (Bg)
Nz(lphase,l) _ uEP}La5€72) (Bg)

where 7 refers to the species that exist in both phases. In the context of liquid-liquid equilibrium, the equal chemical

potential constraint can be expressed as:

#gQ,liq\ch+ RTIn [’yfq’“q(T, zolia) JE;zq,liq _ Mfrg,liwef_p RT In [y2™059(T, gor9-tia) xfrg’liq} (B.10)

K3

where u?q’”q‘mf [J mol~1] and p;™ ligref [J mol™!] denote the reference chemical potential of species i in the aqueous-
rich and organic-rich liquid phases, respectively. If the reference states are chosen to be at the same temperature,

pressure and composition, Eq. B.10 simplifies to an isoactivity condition, as expressed by Eq. B.11:

Y (T, g0ty g0 = ernlia( goroiia) gorali (B.11)

In the context of a mixture that exists in vapor-liquid equilibrium, the equality in chemical potential can be

expressed as:

, ; o ;Y
" 4 RTIn [3[9(1, 21) o] = "™ 4 RT [f : ] (B.12)

psat
7
where [/ [-] = ¢]""(T, P,x"*?) x;"’ P denotes the vapor phase fugacity of species 7 [75]. All together, this gives

the isofugacity condition for VLE, as expressed by Eq. B.13:

,%l_iq(T7 wliq) xiiqpisat _ ¢;1¢1P(T7 P, %) I;"WP (B.13)

24



622

623

624

625

626

627

628

629

630

631

632

633

634

635

636

637

638

639

640

641

642

643

644

645

646

647

648

649

650

651

652

Table C.1: Interaction parameters for UNIQUAC activity coefficient model.

Ui Ui,
Dimethyl Ether —1.23654 332.474
Water 1.20546 —814.698

Appendix C. Phase Compositions at Liquid-Liquid and Vapor-Liquid Equilibrium

Here, the phase compositions of the DME-water mixture at liquid-liquid and vapor-liquid equilibrium are calcu-
lated using the eUNIQUAC model and the virial equation of state. The hyperparameters for the UNIQUAC model
are regressed with Aspen Hysys and are summarized in Table C.1. The hyperparameters of the virial equation for
DME and water are obtained from Tsonopoulous [64, 65].

Fig. 3A illustrates the liquid-liquid equilibrium composition of a ternary mixture of DME, water and NaCl, as a
function of the temperature and the NaCl concentration in the brine stream. The model is juxtaposed against the
experimental measurements by Holldorff and Knapp [47] and McNally et al. [31]. The eUNIQUAC model converges
to the experimental measurements to a high degree, with a mean absolute error of 2.1 %. The composition of the
aqueous- and organic-rich liquid phases are denoted by the blue and orange regions, respectively.

From the figure, we observe that the water content of the organic phase increases with temperature, rising from
approximately 0.1 at 250 K to approximately 0.21 at 330 K, for the case with xz’qi = 0. However, the presence of NaCl
induces a “salting-out effect” across the spectrum of tested temperatures, with the water content in the organic-
rich phase reducing from 0.1 to approximately 0.08 at 250 K. This observation aligns with prior phase equilibrium
investigations [81-83], and it reflects the reduced solubility of the organic solvent in the aqueous-rich phase.

Fig. 3B illustrates the phase composition of the DME-water mixture at vapor-liquid-equilibrium as a function of
the pressure and the mole fractions. The model predictions are juxtaposed against the measurements from Holldorff
and Knapp [47] and Pozo et al. [71, 72]. Our model predictions align with the empirical measurements to an average
absolute mean error that is under 3.2 %. As observed in Fig. 3B, at a temperature of 293 K, the vapor phase of a
DME-water mixture at VLE exhibits an DME-purity that is approximately 99 % or greater. This result reaffirms

that high purity DME can be recovered, while employing heat from a low-temperature thermal reservoir.

Appendix D. Numerical Algorithms for System-Scale Analysis

The numerical algorithm employed to simulate the system-scale characteristics is summarized in Fig. D.10. Here,
the pink, blue and green bubbles correspond to the inputs, the model, and the outputs. First, the concentration and
temperature of the brine and DME streams entering the liquid-liquid separator are inputted into the liquid-liquid
equilibrium solver, to derive the composition and temperature of the output streams from the liquid-liquid separator.
Thereafter, the concentration and temperature of the water-laden DME-stream, and the number of concentration
stages and interstage flash pressure, are inputted into the system flash model. The system flash model employs a
constrained trust-region solver to derive the vapor and organic-liquid qualities, and the temperature at VLLE or
VLE. The equilibrium temperature and the phase qualities are subsequently leveraged to compute the composition of

the retentate and distillate, and the specific electrical and thermal energy consumption. Lastly, the specific thermal
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and electrical energy consumption is combined with the knowledge of the heat source temperature, as well as the
constituents of the capital and operational costs, to perform techno-economic projections. The techno-economic

model returns the specific heat exchanger area, thermodynamic efficiency and the specific cost of water extraction.

Appendix E. Hyperparameters for Techno-economic Projections

We delineate the hyperparameters of the techno-economic model in this section. The techno-economic model
is adapted from the recent publications by Chen et al. [21] and Ahdab et al. [3]. First, the capital cost of the
solvent concentrator is assumed to scale with the heat exchanger area, following the correlations adopted in the
literature [21, 97, 98]. The projected capital cost includes the cost of the pumps, compressors, heat exchangers,
throttle valves and pipes that are typical of a multi-effect distillation system [21, 97, 98]. The capital expenditure
is amortized over a period of 15 years [3]. The interest rates, labor and electricity costs for six different countries
are summarized in Table E.2, based on latest publicly available information as of 15 October 2023. The interest
rates correspond to the respective central bank interest rates. The labor costs are derived based on a survey by
Economic Research Institute, using the job title “Chemical Engineer” as the query, and the largest populated city
of the respective country as the location of work. The electricity cost is derived based on the information available
from the public utility departments of the respective countries. The maintenance and chemical costs are assumed to

be US$ 0.05 m~3 and US$ 0.09 m~3, respectively [21].

Table E.2: Interest rate ane the labor and electricity costs of six countries based on publicly available sources.

China  United States Germany Australia Brazil South Africa

Interest Rate (%) 3.45 5.50 4.25 4.10 13.75  8.25
Labor Cost (US$ yr—1) 56,780 154,470 102,190 102,620 39,700 60,000
Electricity Cost (US$ kWh=1) 0.087  0.142 0.441 0.264 0.140 0.071

Input
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Brine Temperature, T,
DME Concentration, Xorgi
DME Temperature, T

org,i

Model Output
Brine Concentration, x, |
—>| Liquid - Liquid Equilbrium [ Brine Temperature, T,
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org, o
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Number of Stages, N, .. [—> System Flash Model »| Distillate Composition, xd,.S“.'
Flash Pressure, P, (Eq. 24) Specific Energy (Thermal), SEC,
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Temperature Source, T . Specific Area, A
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Figure D.10: Numerical algorithm to simulate the system thermodynamic and techno-economic performance.
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