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Project Objectives:

The basic objectiveof this projectis to convert wastescreamsfrom the food processing industry
(andeventually agriculturaland municipalwastes) to usable fuels and chemicalsusing novel biore-
actors. These bioreactorsshould aUoweconomical utilization of waste streams (whey, waste sug-
ars, waste starch,bottling wastes, candy wastes, molasses, and cellulosic wastes) by theproduction
of ethanol, acetonefoutanol, organic acids (acetic, lactic, and gluconic), yeast (fromboth high and
low level substrates),diacetyl flavor,and antifungal compounds. Continuous processes incorporat-
ing various processing improvements such as simultaneous product separation and immobilized
cells are being developed to allow commercialscale utilization of waste streams.The production
of ethanol by a continuous reactor-separatoris the process closest to commercialization, with a
7,500 liter pilot plant presently sited at an Iowa site to convert whey lactose to ethanol.

Current Research:

1. Pilot (7,500 liter) scale conversion of whey lactose to ethanol in an Immobilized Cell Reactor
Separator. This reactorwas constructed during 1992, installed by 6/93, and is currentlyunder-
going production trials. Feed handling,reactor seeding, start-up, shutdown, clean-up, and
sterilizationproceduresare being developed at the plant site.

2. Mathematical, lab and pilot studies of an Solvent Absorption-ExtractiveDistiUation (SAED)
process for the low energy recoveryof anhydrous ethanol fromICRS type reactors.

3. Lab and pilot (200 liter) studies on production of yeast from highly concentrated whey and
syrupstreams. It is hoped this processwiUallow the elimination of centrifugal harvesting of
the yeast crop as well as reducing the capital and energy costs associated with yeast produc-
tion.

4. Lab scale studies on BOD reduction of distillery wastes and other high BOD waste water
streams using a dual culture of yeasts in a new bioreactor are underway. It is hoped that this
reactor wiU allow the conversion of BOD into a salable feed yeast stream. One graduate stu-
dent (L. Saliceti - PHD in Chemical Engineering)is doing fundamental studies on cell growth
kinetics on multiple substrates, while lab sc_e trials on actual and simulated wastes is being
performed by Dale and Moehlman

5. Lab scale studies on lactic acid production from whey lactose. One graduate student (Nelson
Borges - PhD Chemical Eng) is following up on a previous student's (K. Venkatesh- PhD
Chemical Eng) workon design and modeling of lactic acid production. Membraneextraction
is being evaluated as a method of purifying the LA from the fermentation broth.

6. No-cook conversion of waste starch/corngrits to ethanol in a continuous stirredreactor sepa-
rator.Eliminating the cooking process from the starch conversion process can save a signifi-
cant fractionof the energy used in ethanol production. We have established the feasibility of a
'no-cook'process on the lab scale using two different systematictechniques.

7. Lab scale conversion of high brixcandy wastes to ethanol in a stirredreactor separator.

8. Lab sca!,: conversion of xylose to ethanol with various strainsof yeast.

9. Lab scale conversion of ceUulosicmaterialsto fermentable sugars.A reactor involving simul-
taneous enzymatic conversion of cellulose to glucose to ethanol will be operated. We are
beginning a cooperation with Xylan Inc. who have dovelopeda pretreatmentprocess for wood
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chips/corn stalks/straw/waste paper.

10. Lab scale conversion of waste glucose to gluconic acid in a continuous immobilized cell reac-
tor.

11. Plant ceU culture conversion of waste glucose to antifungal agents. Enhanced production of
thedesiredproductisbeingattainedbyimmobilizing,permealizing,andelicitingthegenera-
tionoftheantifungalcompoundfromimmobilizedplantcells.

12.Developmentofafoodprocessingunitoperationscomputermodelingpackageforthedesign
and economiccomparisonsofvariousfood,fermentation,and wastestreamutilizationpro-
cesses.Thispackage,termedFOODS, hasbccnworkedon forthelastseveralyearsand is
usedinteachingfoodprocessengineeringatl:h._rduc.

EstimatedAnnualEnergySavingsinYear2010.

Energysavingswillaccruefrom

1. CRS forethanolproductionfromfoodwastes- Ifwe assumethat40% ofthehighsugar/
starchfoodwastesproducedin2010 arcconvertedtoethanol-withthetotalfermentable
foodprocessingwastevolumeestimatedat2.85e10#/yr,0.88c9gallonsofethanolcouldbe
produced.

a)Fuelenergycreated@ 84,000BTU/gal.....> 7.4c13BTU/yr
b)Energysavedoverconventionalethanoltcch.-....> 1.9e13BTU/yr
c)Energysavedfromnottreatingthesesugarsaswaste@ 1KW-h/1# BOD .....> 4.0c13
BTU/yr

2. utilizationoftheCRS lowerenergytechnologyforconversionofcorn/starchtoethanol-if
20% ofethanolproducersswitchorupgradefromcurrentenergyusageof40-60,000BTU/
galtothePurduetechnologywithanestimatedenergyusageof28,500BTU/gal.,and50% of
thenew add-onethanolcapacityexpectedby theyear2010(Currentethanolproductionisout
0.95billiongal/yr,whileYear2010 isconservativelyestimatedat1.96billiongaYyr(Eth.
Alert,Neb.EnergyOffice,Aug,1992),so.19billiongalduetoupgrade,.51billiongaldueto
new capacityusingCRS technologyleadsto0.7e9gal.ethanolfromcorn/starchinyear2010.

a)Fuelenergycreated@ 84,000BTU/gal.....> 5.8ei3BTU/yr
b)Energysavingsoverconventionaltechnology.....> 1.5e13BTU/yr

3. utilizationoftheCRS lowerenergytechnologyfortheconversionofwastepapertoethanol-
Assuming20% ofwastepaperisusedasa feedstockat.35#ethanol/#paper,and 1.5e11#
paperperyearisproduced(OpportunitiesforEnergyformMSW, Goodman andWalter,1990)
1.6c9gallonsofethanolwillbeproduced.

a)Fuelenergycrated@ 84MBTU/gal .....> 1.3e14BTU/yr
b)Energysavingsovercony.tcch.-....> 3.52e13BTU/yr
c)Landfillvolumereduced@ 15#/ft3.....> 2e9ft3/yr

4. Utilizationofbiomasscrops/municipalyardwastesforethanolw/CRS technology- Assum-
ing18billion#/yrareusedinethanolproductionwith.3#ethanolperpoundbiomass.....>
0.5e9billiongaYyr.

a)Fuelenergycreated@ 84MBTU/gal .....> 4.2e13BTU/yr
b)Energysavingsovercony.tech.-....> 1.1e13BTU/yr
c)landfillspacefor50% whichareMYW @ 5#/ft3.....> 1.8e9ft3
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5. utilization of our low energy technology for yeast production from high level waste sugar
streams and other sugar sources- assuming 30% of yeast produced in 2010 (10 miUion#/yr.) is
produced by Purdue-DOE technology. This results in the production of 4.5e7# yr of yeast
product.

a) Energy savings over conventional technology (0.3 from 1.6 KW-h/#) ..... > 2.0e8 BTU/
yr

b) Energy saved from not treating these sugars as waste @ 1KW-h/1 # BOD ..... > 3.5el 1
BTU/yr

6. Utilization of Purdue-DOE technology for yeast production form low level BOD waste water
from food processing plants-- assuming a waste water discharge of 100,000 gal/day @ 20,000
ppm BOD reduced to 5,00 ppm from 500 plants nationwide leads to the elimination of 4.6e9 #
of BOD per year in the year 2010.

a) Energy savings over treating these wastes @ 1 KW-h/#BOD ..... > 1.6¢13 BTU/yr
b) Production of 1.15e9 # of fodder yeast worth $0.05/# or $54,750 income per plant.

7. Utilization of Purdue-DOE extractive fermentation for lactic acid from waste sugars. Energy
use in lactic acid is largely due to purification costs. We are attempting to reduce these costs
with an extractive system, however, we are not far enough along to begin to quantify the
energy savings.

Economic Attractiveness

The Purdue ethanol process offers a lower capital method for ethanol production. Capital costs
for an add-on type arrangement for a waste sugar generator to add an ethanol production unit to his
facility are estimated at oaly $1.00 per annual gallon at the 250,000 gal/yr, scale. Labor and oper-
ating costs are also subsmntiaUy reduced. Thus we feel that the Purdue process may make it feasi-
ble to have many smaller ethanol facilities rather than be forced to the 10-40 miUion gal/yr, scale
by economic of scMe which is the current condition for batch ethanol production from corn/starcl_
streams.

Preliminary design calculations on yeast production from both high and low level substrate
streams are also encouraging. Again, the movement towards a continuous process, the reduction of
energy needs, and the reductions in capital cost should make the Purdue yeast process very com-
petitive for yeast production. We feel that there is a good possibility the use of centrifugal yeast
harvesters can be eliminated for the production of yeast from high level substrates, resulting in a
substantial reduction in plant complexity and cost. We determined an ROI of 90% for a process
producing 1.5 tons/day of dried mineral yeast from concentrated whey permeate.

Recent Accomplishments

Accomplishments during 1993 include 1) installation and start-up of a 7,500 liter ICRS for eth-
anol production at an industrial site in Iowa, 2) Donation and installation of a 200 liter yeast pilot
plant to the project from Kenyon Enterprises, 3) Modeling and testing of a low energy system for
recoveryofethanolfromvaporstreamsusinga solventabsorption/extractivedistillationsystem,
4)Simultaneoussaccharification/fcrmcntationofrawcorngritsandstarchinainastirredreactor/
separator,6)Testingoftheabilityofa'koji'processtofermentrawcorngritsina'no-cook'process,
7)Modelingoflacticacidbacteriagrowthandproductivityasa functionofpH andLA concentra-
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tion, 8) Modeling and demonstration of an extractive fermentation for lactic acid production,
9)Determination of the effect of osmotic inhibition on aerobic yeast production, I0) Our group has
reported our findings in a number of presentations and publications during 1993. These include:

I. Dale, M.C., A. Eagger and M. Okos. 1993• "Osmolality Inhibition of Aerobic K fragilis
Growth and Productivity in Batch and Immobilized Cell Reactors." Process Biochemistry. In
Press

2. Dale, M.C., 1993. A Low Effluent Ethanol Process For Corn, Starch and Biomass. Gover-
nor's Ethanol Coalition, Peoria, IL, November.

3. Salicetti, L., M. Okos & P.C. Wankat. 1993. "Modeling of Lactose Assimilation by the Yeast,
K. marxianus". Conf. on Environment, Purdue Univ., August.

4. Dale, M. Clark. 1993. Ethanol Production from Whey. AIChE CHAPTER One. 7:2,22-28.

S. Dale, M.C., N. Pert'in, and M. Okos. 1993. "Production of Ethanol from Concentrated Sucrose
and Molasses Solution Using S. Pombe in an Immobilized Cell Reactor Separator." In Press.
Proceeding of Conference on Food Engineering.

6. Dale, M.C. 1993. Production of Yeast from Concentrated Whey Permeate using a Immobi-
lized Cell Reactor. Final Report to Kenyon/WMMB. February.

7. Dale, M.C• 1993. "The Solvent Absorption/Extractive Distillation (SAED) Process for Etha-
nol Recovery from Gas Streams" AICHE COFE meetings, February, Chicago

8. Dale, M.C., S. Michel, and M. Okos. 1993. "A No-Cook Process for the conversion of Starch
to Sugars for Ethanol Production" AICHE COFE meetings, February, Chicago,IL

9. Dale, M.C. 1992. "Design and Construction of a 7,500 Liter Imrnobilized Cell Reactor Sepa-
rator for Ethanol Production from Whey Permeate". AICHE paper 16 la Miami. November.

10. Saliceti, L., M.C. Dale, M. Moelhman, M. Okos, and P•Wankat. 1992. "Free and Immobilized
Yeast for BOD Reduction in Dairy Waste Streams". AICHE Annual Meeting, Paper 165k,
Miami. November.

11. Dale, M.C. 1992. "Production of Ethanol, Lactic Acid or SCP from Biomass". Biobased Prod-
ucts Expo '92. St. Louis. October.

12. Lee, W.S., M. Okos, and M. Dale. 1992. "Production of a Butter Flavor Compound (Diacetyl)
with Simultaneous Product Separation". AICHE paper 8d. Minneapolis, MN. August.

13. Venkatesh, K.V., M.R. Okos and P.C. Wankat. 1992. "Kinetic Model for Lactic Acid Produc-
tion from Cellulose by Simultaneous Fermentation and Saccharification." AIChE summer
meeting, Minneapolis, MN, August,.

= Industrial and Professional Contacts

Industrial sponsors for our project include:

Permeate Refining Inc. (PRI) PRI is a small comp_xty in the business of converting food waste
streams such as waste starch, whey permeate, candy wastes, and the like to ethanol. Permeate
Refining's operational vice-president, Bob Lehman, is also the president of Captain Clean, a com-
pany involved with industrial cleaning of food plants such as Cargill, ADM, starch plants, and oth-
ers. Thus Mr. Lehman is often asked to clean out tanks and silos full of out of specification starch,
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flour, or sugars. With his new ethanol plant in Hopkinton, PRI is able to take these waste sugars
and convert them to ethanol. The plant consists of a batch ethanol plant which was purchased used
from a bankrupt ethanol operation. There are over fifteen 15,000 gallon fermenters in the plant
along with a distillation and dehydration system. The plant was completed in late 1992, with a plant
expansion currently in progress to approximately double the floor-space of the plant. Mr. Lehman
has donated considerable time, effort, floor space, utilities, plant labor, and raw materials to our
ICRS pilot plant project. His in-kind contributions during 1992-3 are valued at approximately
$200,000.

Merrill Iron and Steel- Merrill I&S president is Roger Henner. Mr. Henner designed and built
the ICRS/Absorber from rough prints supplied by Dr. Dale of Purdue. He designed the doors, door
fasteners, spraying lid, and the structural integrity of the unified ICRS/ABS. Mr. Henner agreed to
build the ICRS/ABS on a 'at-cost' basis. Mr. Henner also cooperated with Kenyon Enterprises in
the construction of a spaeefless packing matrix for the ICRS unit. This matrix is proprietary to
Kenyon/M I&S. Total contributions to the project by M I&S during 1992-93 are valued at $xx,000.

Kenyon Enterprises (KE)- KE is a small company which was in the ethanol consulting industry.
Its past president, Wendall Harris built and operated an ethanol plant during 1982-1985, and then
went into the starch conversion industry. KE cooperated during the design and fabrication of the
ICRS, and developed a spacerless packing matrix which is currently being tested. KE also became
interested in the application of the ICR to yeast production from concentrated sugar streams. KE
and M I&S built a 200 liter pilot unit to test for yeast production. KE contributed $10,000. to the
Purdue/DOE project in cash, and made a further contribution of about $85,000 in time, effort
towards the ethanol and yeast portions of the project and operation of the 200 liter pilot plant in
Plainfield, WI.

Xylan Inc.- Xylan/Xymax are companies operated by George Tyson. Xylan owns two patents
for cellulose pretreatment technology based on extrusion of biomass. This pretreatment allows the
enzymatic attack on the cellulose polymer to break the polymer to its monomer glucose units.
Xymax Inc. is involved in the conversion or"waste cellulose/plastics to structural plastic composite
board or beams. The production of railroad ties and sign posts is envisioned. Xylan hopes to com-.
bine its pretreatment technology with the ICRS or CSRS fermentation system. Xylan has invested
approximately $10,000 to date in time and in-kind contributions to the project, and plans to con-
tribute between $10 and $30,000 cash to the Purdue project during 1994, along with $100 to
$200,000 in further combined developmental work.

Other industrial contacts/project contributors include:

1) Wisconsin Dairies, who have contributed 2,(X)0# of dried permeate,

2) Kraft Inc. who remain interested in applying the CRS technology in several of their plants,

3) Ethanol Resources, of FL who want to make ethanol from yard wastes, palm fronds, and
napier grass.

4) Enviroenergy Inc. who currently have anaerobic conversion technology
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5)GreatLakesGovernor'sBiomassCouncil,who havecontributed$50,000totheCSRS
starch/biomassproject

6)NIST/DOE ERIP who plantosupporttheCSRS starch/biomassproject

A projectreviewwas heldon May 30-31,1993withDr.Daleand Okos describingrecent
projectaccomplishmentstoAllanShroederandDan Kung atArgonne,IL.An industrialreview
meetingwasthenheldatHopkinton,IAPermeateRefiningInc.plantsite.AttendingwereKenyon
Enterprises(CherylPlitt,WendallHarris),PermeateRefining(BobLehman,CarolLehman,Keith
Korr),MerillI&S (RogerHenncr),Xylan/Xymax(GeorgeTyson,RuthTyson,GeneAnderson).A
tourofthePRI facilitywas accompaniedbya descriptionoftheICRS anda lookattheICRS in
operation.

1.4Press,Presentations,Publications,and Theses

Press Notices:

Novel Fermentation Process Converts Whey Permeate to Fuels, Chemicals. The Cheese
Reporter. October 2, 1987.

Immobilized Yeast Process converts whey permeate to ethanol. Food Engineering. 2:88 page
77.

Presentations:

1. Havlik, S., P. Moyer, and M.R. Okos. Computer-Aided Food Process Design. ASAE, Decem-
ber, 1987.

2. Dale, M.C., Y. Koo, S. Havlik, and M.R. Okos. Comparison of Recovery Processes for Etha-
nol from an Immobilized Cell Reactor-Separator.AIChE, August, 1988.

3. Lin, J., M.C. Dale, M.R. Okos. Environmental Effects on Ethanol Production by Immobilized
Z. mobilis. SIM, August 1988.

4. Dale, M.C. and M.R. Okos. Scale Up and Performance of an ICRS for the Production of Eth-
anol from Whey Lactose. SIM, August, 1988.

5. Lin, J.J., M.C. Dale, and M.R. Okos. 1988. Improvement of Biorcactor Performance: Ethanol
Production by Zymomonas mobilis in an Immobilized Cell Reactor-Separator. IFr, June,
1988.

6. Park, C.H., M.R. Okos, and EC. Wankat. Effects of pH and Temperature on the Ethanol Fer-
mentation by Free and Immobilized Yeast. AIChE, August, 1988.

7. Park, C.H., M.R. Okos, and EC. Wankat. Butanol (ABE) Fermentation with Product Separa-
tion in an Immobilized Cell Reactor-Separator (ICRS) (Mathematical Modeing and Analysis).
AIChE, August, 1988.

8. Park, C.H., M. Okos, and E Wankat. Continuous Production of Butanol-Acetone in an Immo-
bilized Cell Triclde bed Reactor. AIChE, November, 1988.

9. Dale, M.C., S. Havlik, and M.R. Okos. 1989. The Production of Ethanol from Whey Permeate
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using an Immobilized Cell Reactor-Separator. Wisconsin Center for Dairy Research, January
1989.

10. Dale, M.C. and M.R. Okos. Design and Performance of an Immobilized Cell Reactor and
Separator for the Production of Ethanol and Other Solvents. Presented at the 5th Intl. Con-
gress on Engineering and Food. Cologne, Germany, May 28 - June 3, 1989.

11. Havlik, S.E., M.R. Okos, and G.V. Reklaitis. Design and Simulation Methodology for Food
Processing Modeling. Presented at the 5th Intl. Congress on Engineering and Food. Cologne,
Germany, May 28 - June 3, 1989.

12. Lee, W.S. and M.R. Okos. Production of Flavor Compounds from Cheese Whey. Presented at
the 1989 AIChE Meeting, Philadelphia, PA, August 1989.

13. Havlik, S. A. Balint, and M. Okos. Food Operations Oriented Design System: A Steady State
Food Process Design and Analysis Program. Presented at the 1989 ASAE W'mter Meeting,
New Orleans, LA, December 1989.

14. Dale, M.C. and M.R. Okos. Design and Analysis of a Structured Packing for Trickle Flow
Type Bioreactors Incorporating Simultaneous Production and Gas Stripping of Volatile Fer-
mentation Products. Presented at the ACS 200th Annual Meeting, Aug. 26-31, 1990

15. Dale, M.C., A. Eagger, B. Truax, and M.R. Okos. Osmolality Effects on K. fragilis Growth
and Productivity in Batch and Immobilized Cell Reactor. Presented at the AIChE 1990
Annual Meeting, Paper 286-b, November 15, 1990.

16. Dale, M.C., J. Smith, and M.R. Okos. Whey Lactose Conversion to Ethanol in a 50 Liter
Immobilized Cell Reactor Separator (aka pilot). Presented at the AIChE 1990 Annual Meet-
ing, Paper 286-f, Novem_r 15, 1990.

17. Lee, W. and M.R. Okos. Production of Diacetyl by Continuous Fermentation and Simulta-
neous Product Separation. Presented at the AIChE 1990 Annual Meeting, November 1S,
1990.

18. Dale, M. C., A Novel Fermenter-Separator to Produce Ethanol from Waste Sugar Streams.
Presented at the DOE Technology Fair, Washington, D.C., April 1991.

19. Dale, M. C. and M. R. Okos. A Low Effluent Process to Produce Ethanol for Corn Sugar.
Corn Ethanol Conference, Peoria, IL, May 25, 1991.

20. Venkatesh, K.V., M.R. Okos and P. Wankat.Production of Lactic Acid in Membrane Recycle
Bioreactor Utilizing lactose. AIChE meeting, November, 1991, Los Angeles, CA.

21. Dale, M.C., D. Guntrip, M. Moclhman, and M. Okos. 1992. Production of Ethanol in an
Immobilized Cell Reactor-Separator. China-USA Bio-Reaction & Bioseparation Conference,
Hangzhou, P.R.C., June.

22. Dale, M.C. 1992. Design and Analysis of Continuous Bio-reactors Utilizing Immobilized Liv-
ing Cells. China-USA Bio-Reaction & Bioseparation Conference, Hanghou, P.R.C., June.

23. Dale, M.C. 1992. Food and Non-Food Uses for Whey. Ohio Dairy Producers Conference,
Columbus, OH, March.

24. Venkatesh, K. V., Okos, M. R., Wankat, P. C., Modelling of Simultaneous Saccharification and
Fermentation of cellulose to lactic acid. AIChE summer meeting, Minneapolis, August 1992.

25. Lee, W.S., M. Okos and M.Dale. 1992. Production of a Butter Flavor Compound (Diacetyl)
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with simultaneous Product Separation. AIChE paper 8d., Minneapolis, MN, August.

26. Dale, M.C. 1992. Production of Ethanol, Lactic Acid or SCP from Biomass. Biobascd Prod-
ucts Expo '92. St. Louis. October.

27. Salicetti, L., M.C. Dale, M. Moelhman, M. Okos, and P. Wankat. 1992. Free and Immobilized
Yeast for BOD Reduction in Dairy Waste Streams. AICHE Annual Meeting, Paper 16k,
Miami, November.

28. Dale, M.C. 1992. Design and Construction of a 7,500 Liter Immobilized Cell Rector Separa-
tor for Ethanol Production from Whey Permeate. AICHE paper 161a Miami. November.

29. Dale, M.C., S. Michel, and M. Okos. 1993. A No-Cook Process for the Conversion of Starch
to Sugars for Ethanol Production. AICHE COFE meetings, February, Chicago, IL.

30. Dale, M.C. 1993. The Solvent Absorption/Extractive Distillation (SAED) Process for Ethanol
Recovery from (3as Streams. AICHE COFE meetings, February, Chicago.

31. Dale, M.C., 1993. A Low Effluent Ethanol Process For Corn, Starch and Biomass. Gover-
nor's Ethanol Coalition, Peoria, IL, November.

32. Salicetti, L., M. Okos & P.C. Wankat. 1993. "Modeling of Lactose Assimilation by the Yeast,
K. marxianus". Conf. on Environment, Purdue Univ., August.

Publications:

1. Park, C., M.R. Okos, and P.C. Wankat" 1989. Acetone-Butanol-Ethanol (ABE) Fermentation
in an Immobilized Cell Trickle Bed Reactor. Biotechnology and Bioengineering, 34:18-29.

2. Park, C.H., M.R. Okos, and P.C. Wankat. 1989. Ethanol Fermentation using Immobilized and
Free Saccharomyces cerevisiae: Effect of pH and Temperature. Submitted to Enzyme and
Microbiology Technology.

3. Lin, J.J., M.C. Dale, and M.R. Okos. 1991. Osmotic (A w) Effects on Growth and Ethanol
Production of Free and Immobilized Zymomonas Mobilis. Journal of Process Biochemistry,
26 143-151.

4. Park, C.H., M.R. Okos, and P.C. Wankat. 1989. Characterization of an Immobilized Cell,

Trickle Bed Reactor during Long Term Butanol (ABE) Fermentation. Submitted to Biot_ch-
nology and Bioengineering.

5. Lin, J.J., M.C. Dale, and M.R. Okos. 1990. Ethanol Production by Zymomonas Mobilis in an
Immobilized Cell Reactor Separator. lottmal of Process Biochemistry 25:61-66.

6. Chen, C., M.C. Dale, and M.R. Okos. 1990. The Long-Term Effects of Ethanol on Immobi-
lized Cell Reactor Performance Using K. fragilis. Biotechnology and Bioengineering 36:975-
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7. Chen, C., M.C. Dale, and M.R. Okos. 1990. Minimal Nutritional Requirements for Immobi-
lized Yeast. Biotechnology and Bioengineering 36:993-1001.

8. Dale, M.C., C. Chen, and M.R. Okos. 1990. Cell Growth and Death Rates as Factors in the
Long-Term Performance, Modeling, and Design of Immobilized Cell Reactors. Biotechnol-
ogy and Bioengineering 36:983-992.

9. Park, C-H., M.R. Okos, and P.C. Wankat. 1990. Acetone-Butanol-Ethanol (ABE) Fermenta-
tion and Simultaneous Separation in a Trickle Bed Reactor. Accepted for publication in Bio-
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productionfromLactoseby LactobaciUusbulgaricus.AcceptedforpublicationinProcess
Biochemistry,(inprint).
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duceLacticAcidfromLactose.SubmittedtoBiotcchnologyProgress.

12.Venkatesh,K.V.,M.R.Okos andP.C.Wankat.1993.ContinuousProductionofLacticAcidby
BioprocesswithCellRecycleand Hollow FiberExtractor.Submittedto Biotcchnology
Progress.

13.Venkatesh,K.V.,M.R.Okos andP.C.Wankat.1993A HollowFiber,ImmobilizedCellReac-

torSeparator(ICRS)toProduceLacticAcidby ExtractiveFermentation.SubmittedtoBio-
technologyProgress.

14.Dale,M.C. 1993.EthanolProductionfromWhey inan ImmobilizedCellReactor.AICHE
ChptOne 7:222-28.
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FreeandImmobilizedZ mobilis.ProcessBiochem.26:143.
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Publications in Progress

1. Dale, M.C., D. Guntrip, and M. Okos. A Structured Packing for Trickle Flow Type Bioreac-
tors Incorporating Simultaneous Production and Gas Stripping of Volatile Fermentation Prod-
ucts. I. Design and Analysis. In Progress...to be submitted to Chem. Eng. Progress

2. Dale, M.C., D. Guntrip, and M. Okos. A Structured Packing for Trickle Flow Type Bioreac-
tors Incorporating Simultaneous Production and Gas Stripping of Volatile Fermentation Prod-
ucts. II. Experimental Performance. In Progress...to be submitted to Chem. Eng. Progress

3. Dale, M.C., M. Moelhman, and M. Okos. Whey Lactose Conversion to Ethanol in a 50 Liter
Pilot Plant Immobilized Cell Reactor-Separator. In Progress...to be submitted to Biotech.
Bioeng.

4. Dale, M.C., S. Havlik, and M. Okos. Acid Whey Utilization by Production of Whey Protein
Concentrate and Ethanol. In Progress...to be submitted to J. Food Sci.

5. Patterson, J.T., M.C. Dale and M.R. Okos. RTD Studies of a Trickle-Bed Column with an
Absorbent Packing. In progress.

6. Venkatesh, K. V., Okos, M. R., Wankat, P. C., 1992. Kinetic modelling of simultaneous sac-
charification and fermentation of cellulose to lactic acid. Communicating with Biotech.
Bioeng.
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Theses:

1. Chen, C. 1988. Environmental Effects on Growth and Ethanol Fermentation of Immobilized
Kluyveromyces Fragilis.

2. Lin, J.J. 1988. Environmental Effects on Ethanol Production by Immobilized Zymomonas
mobilis in a Trickle-Flow Fermenter.

3. Park, Chang Ho. 1989. Simultaneous Fermentation and Separation in an Immobilized Cell
Trickle Bed Reactor:.Acetone.Butanol Ethanol (ABE) and Ethanol Fermentation. Ph.D. The-
sis, Agricultural Engineering Department, Purdue University.

4. Havlik, Steven E. 1989. Computer Aided Design and Modeling of Food and Food By Product
Processes with Case Studies in Whey Processing alternatives. M.S. Thesis, Agricultural Engi-
neering Department, Purdue University.

5. Lineback, D.S. 1989. Thermophilic Ethanol Production from Lactose. M.S. Thesis, Food Sci-
ence Department, Purdue University.

6. Lee, W. S. 1991. Diacetyl Production using Free and Immobilized Cells. Ph.D. Thesis, Agri-
cultural Engineering Department, Purdue University.

7. Venkatesh, K.V. 1993. Lactic Acid Production using Extractive Fermentation. Ph.D. Thesis,
Chemical Engineering Department, Purdue University.

2.0 Pilot Plant Operations

2.1 7,$00 liter ICRS Pilot Plant @ Hopkinton, IA,

Design and Construction

The ICRS system was designed during mid-1992, and constructed between 6/92 and 1/93 in
Menill, WI by Menill I&S. Roger Hermer,president, designed and built the doors, windows, and
interacted with Dr. Dale on the detailed design prints for the reactor. The ICRS is combined with
an absorber in a single unit, with duct work all internally routed within a 8' x 9' unit. This allows a
very small simple apparatus. The unified design has the following advantages

1) Reduced construction costs and lower material costs
2) Reduced floor space
3) reduced complexity of ducts and construction
4) elimination of external ducting, gasketing, and blower connections
5) reduced chance for leakage and contamination from external sources. A multicolumn ICRS

system was designed and found to have a floor space requirement of 13'x 20' as shown in Figure
2.1 A sketch of the unit with the solvent desorption/extractive distillation system is shown in Figure
2.2 Appendix 2.1 shows the basic design and construction of the unit along with specifications for
the blower. The unit is designed to have a solvent run on the absorber side to pick-up the ethanol
from the vapors leaving the ICRS unit. The solvent is then taken to a desorber where the ethanol is
recover

The important design principles for construction and operation of the ICRS apparatusare given
in Table 2.1. The reactor is designed to be sterilized by an initial steam cycle, inoculated with yeast,
and the have a sugar stream continuously introduced to the reactor system.
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The basic design specificationsfor the fermenterare shown in Table2.2 for the pilot unit.A
spacerless design for the immobilizationmatrixwas designed and built by Kenyon and Merrill
I&S. Table2.3 gives the advantagesand disadvantagesforthe spacerlessmatrix.Based onconver-
sationsbetween Purdue,ICE,andMerrillI&S, PRIdecided to test the spacerlesspackingmatrix.

Installation

The unitwas movedfromMerrill,WIand installedin lateFebruary,1993 on site in Hopkinton,
IA. Electrical,air,water,and feed fines,pumps,andcontrols were installedbetween 2/15 and4/15
by PRI workers.Fourspacerlesspackingmatrixbales were installed in both the enricherandthe
stripper.

The unit was startedon 4/28 with yeast inoculated from a 2,000 gallon seed tank grown aero-
bically.Table2.4 gives the initial start-upandoperationaldata. The system was shut down on 5/15
to allow a numberof improvementsto be make in the system including: 1) instaUation of smaller
spray heads to allow operation in the range of 3 to 10 GPM, 2) addition of a feed filter to reduce
clogging of the spray heads, 4) use of dry sterileair for pressuregauges and rotometers- the pre-
liminaryuse of airfrom the compressorwas found to entrain a largeamount of water,5) the addi-
tion of temperature gauges and thermocouples on various points at the reactor, 6) testing of
spacerlessmatrixwith andwithout spacer'twisties',7) improvementin the feed holding/batchpas-
teurization, 8) additionof SO2 to the feed stream or feed tank to help kill and inhibit bacteriain the
feed. These changes and additions wereaccomplished between 7/93 and 12/93. It was determined
that there was a leak between the cooling jacket and the internalsof the seed tank used for yeast
propagation. This leak caused repeatedcontamination of seeds being prepared for the ICRS unit
start-ups.

In the repeatedstart-ups,highfermentationrateshavenot beenattained.We have triedseveral
clean-in-place matrixcleaning cycles. As per table 2.1, easy rapidclean-up and restart of thereac-
toris an importantdesign feature.Unfortunately,we have yet to effectively regain the abilityof the
matrix to hold cells with the cleaning proceduresused to date. Our next effortswill be concentrat-
ing on cleaning or replacing of the matrix. [ Design of the Solvent Absorption/ExtractiveDistilla-
tion (SAED) System.]

The use of a solvent to absorbethanol from the solvent is being suggestedfor use on the ICRS
pilot plant.The solvent will selectivelyadsorbethanolvaporsoverwatervapors.Thisallowsacon-
centrated (50-80%) ethanolproductto be recoveredduringdesorption. Solventswith high selec-
tivity for ethanol tend to give dissolved water a high activity coefficient, allowing extractive
distillationof the water.This is describedin Appendix2. l.e

2.3 Effluent Handling

TheconversionofhighBOD distilleryorfoodwastestoyeastisbeingextensivelystudied.Pre-
liminarystudieshaveshownthatagascontinuoussystemcanreducedtheBOD fromdistiller'sbot-
tomwaterfrom12,000to3,000witharesidencetimeofunder10hours.The basicideaisto
converttheresiduallacticacid,glycerol,andunconvertedsugarstoyeast.Theabilityofvarious
strainstoconvertthesesubstrates,andthekineticsofmultiplesubstrateutilizationarebeingstud-
iedinabasicfashionbyL.SalicettiforaPh.D.project.DaleandMoelhmanareapproachingthe



Table 2.1 Critical Design Features for Continuous Reactors

1) Initial sterilization of reactor/separator
2) Maintain sterile feed
3) Continuous feed to the reactor
4) No ambient gas leakage into the reactor
5) Sterile sampling of reactor while operating
6) Design for easy, rapid dean-up and restart of reactor

Table 2.2 Design Specifications of 7,500 Liter Pilot Plant
I

Feed Flow Rate......4-8 GPM of 14% Whey Permeate Concentrate (11% lactose)

Design Ethanol Production Rate........ 150-200 #/hr (250,000 gal/yr)

Gas Flow Rate ......4,800 CFM CO2 through ICRS Stripper

ICRS reactor volume .......7,500 liters
4'x8' by 4' deep enricher section

4'x8' by 4' deep stripper section

High Efficiency Structured Packing Volume .....3,600 liters
4'x8' by 4' deep below bottom of stripper/reactor)

Superficial Gas Velocity in ICRS Stripper ..... 150 fpm

Superficial Gas Velocity in Solvent Absorber ......200 fpm

Flow rate of Solvent ........75-95 GPM

Total Dimensions of unified ICRS/Absorber .....8'X 9.5' base by 24' high
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Table 2.3 Design and Construction of Spacer-Free Immobiliziation Matrix

Advantages
1) rectangular-fits well in unified design
2) elimination of cost for spacer mesh
3) reduction of gas phase pressure drop
4) more easily cleaned

Disadvantages
1) technology must be developed for contruction
2) unproven in practice

Proprietary matrix developed by Kenyon Enterprises and Merrill I&S Designed and built
by Merrill I&S for 7,500 liter ICRS unit.

Table 2.4 Operation of ICRS unit during May @ PRI site

1) Plexiglass top cover bowed & cracked during steaming Replaced by high temperature
polymer by PRI-

2) Innoeulate 2000 gal propogator 4/28

3) Begin feed at 8 GPM- emptied 2,000 gal feed tank overnight.

4) Put in recycle mode- hook in 12,000 gal feed tank

5) On 5/4- 8 GPM Feed Inlet feed 11.7% solids- outlet 7.5% solids 50% utilization of
sugars- alcohol cone. in absorber water 2.95% ethanol

6) 10,000 gal. tank cooled, bacteria level became high- fed bacteria laden feed to reactor-
5/5

7) dehydrating system @ PRI not functioning correctly-decided to shut down.
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problem in a more applied way, testing various reactor configurations with actual bottoms water
from Iowa and artificial bottoms water made-up in the lab. These studies, and a design for a waste
water plant for the PRI site are given in Appendix 2.3

2.6 Yeast from concentrated substrates

The ability to create a concentrated stream of yeast from a concentrated sugar stream was dem-
onstrated by Shay and Wagner (1987, 1988) using a reactor with a highly efficient oxygen transfer
and cooling system. This system offers the possibility of using a concentrated whey input to pro-
duce a yeast/salt product with no waste water generation and no centrifuges. Our efforts in con-
junction with Kenyon Enterprises, have been to build, test, and operate a low pressure drop
immobilized cell yeast reactor (ICYR). A 200 liter ICYR was build by Merrill I&S, tested in Plain-
field WI by Kenyon, and then tested at Purdue in late '93 and early '94. A report on the 200 liter
pilot plant is appended with this report as Appendix 2.6

2.7 24,000 L CSRS Pilot Plant

The extension of the ICRS technology to a stirred tank in series w/gas phase separation of the
ethanol has been under design and investigation by Dr. Dale for the last few years. The basic reactor
design consists of stirred tanks in series, with the overflow contacted with a snipping gas to reduce
the ethanol levels. A 24,000 Literpilot unit is currently under construction for testing at the same
PRI site that the ICRS is being tested. The costs for this project are not being covered by the DOE
Division of Industrial Technologies. A description of this project is included as Appendix 2.7

3.0 Laboratory Studies

3.1 Lactic Acid

Lactic acid is a higher value chemical (priced at $0.75-1.00/lb.) that can be produced by homo-
fermentative bacteria from the genera Lactobacillus and Streptococcus by the fermentation of sug-
ars. Currently, is produced commercially form corn sugar, molasses and whey. It has many uses
in connection with foods, fermentations, pharmaceutical, and the chemical industries. The increas-
ing problem of waste whey disposal in the dairy industry, the improving market for feed supple-
ments in cattle industry, and the potential of lactic acid as a raw material for biodegradable plastics
might further the demand for lactic acid.

Argonne National Laboratory has been working in the area of lactic acid research for several
years. In the is phase of the project we propose to cooperate with them. We are investigating the
kinetics of lactic acid production using lactose as a substrate. High lactic acid concentrations have
been obtained. In addition, diacetyl, a valuable flavoring compound, has been obtained as a see-
ondary product. Solvent extractions along with membrane partitioning of solvent and fermentation
broth to achieve a purified product in a more economic manner have been investigated.
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3.3 Anti.Fungal Compounds from Immobilized Plant Cell Tissue Culture

In this project we are attempting to convert waste sucrose from molasses or glucose from waste
potato starch, to a higher value product, an antifungal chemical called gossypol. This chemical is
produced in plant cells. Large scale cultivation of plant cells is hampered by poor understanding of
biochemical pathways. Major problems associated with secondary metabolite formation by plant
cells are the slow metabolic rate and the low yield of cells. Another factor that presents problems
in using plant ceils on a large scale is their sensitivity to shear. To solve these problems, immobi-
lization of plant cell is being considered.

The majorgoal of this study is the immobilization of plant cell in order to enhance the produc-
tivity. Gossypium arboreum which can produce antifungal reagent, gossypol, has been selected as
a preliminary model system. We have characterized that species and analyze for gossypol content
both inter and extra. However, due to its slow growth rate (doubling time is 3-4 days), we have
designed a method which allows fast experiments such as differential reactor.We have: a) designed
a small reactor to examine the growth kinetics for the cell; b) chosen suitable parameter levels for
batch and continuous operation of reactor (nutrient concentration, pH, aeration, and temperature
must be determined for continuous operation); c) tested application of an elicitor to enhance the
productivity; d) tested application of a permeah_,lizingagent such as DMSO (dimethyl sulfoxide)
to increase the secretion of secondary metabolites from the plant cell; e) determined a method for
determination of cell viability; and f) attempted to optimize productivity. This work is largely com-
pleted, with a modeling effort being undertaken by Mr. Choi, who expects to receive his Ph.D in
May, 1994.

3.4 Production of Yeast from High BOD Waste Water

The abilityof yeastto metabolizethevariousorganiccompoundsremainingindistillerywastes
isbeingevaluated.Thethreemajorcomponentsin'bottomswater'havebeendeterminedtobea)

su_'-:(lactoseorglucose),lacticacid,andglycerol.The useofthedifferentsubstratesbytheyeast
Kl,ayveromycesmarxianuswasfoundtobesequential.Furthermore,growthratesandratesofsub-
strateutilizationonlacticacidWe havelookedatvariousstrainsofyeasttodeterminethosestrains
bestabletometabolizethesesubstrates.The useofmultipleyeaststrainsisbeingstudied,a K.
marxianusstrainandaCandidautilisstrain.The useofsubstratesbytheandglycerolwerefound
tobeveryslowwiththisyeast.Experimentswereconductedinordertoidentifyotheryeastspecies

thatwouldbecapableofutilizinglacticacidandglycerolmuch faster.A seriesofdifferenttypes
ofyeastobtainedfromtheculturecollectionoftheDepartmentofAgriculturewereculturedina
multiplesubstratcmedium andevaluatedforfastergrowthandutilizationkinetics.Itwas found
thatCandidautilisNRRL Y-1082hasabettergrowthrateon glycerolthanK.marxianus.

AnotherseriesofexperimentswasperformedusingamixedcultureofC.utilisandK.marxian
mixedpopulationitwas foundthatC.utiliswouldstartutilizingtheglycerolwhileK.marxianus
wouldfirstutilizethelactose.Afterthesetwosubstratesweretakenup,bothyeastswouldswitch
toutilizethelacticacid.The totalamountoftimetocompletelyutilizethemultiplecarbonsource
availablewasreducedconsiderablybybeingabletoutilizelactoseandglycerolsimultaneouslyin
thefirstgrowthphaseand byhavingafasterutilizationrateoflacticacidinthesecondphaseof
growth.No interactionbetweenthetwoyeastspecieswas noticeable.Basedon theseresults,the
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next efforts will focus in the individual growth kinetics and subsu'ate utilization of the yeasts K.
marxianus NRRL Y-2415 and C. utilis NRRL Y-1082.

Experiments are under way to determine the kinetics of individual substrate utilization by each
of the selected yeasts. A series of batch experiments arc being conducted to determine the Monod
parameters and yield coefficients. These parameters will be incorporated into a.mathematical
model that will enable the prediction of the growth behavior and substrate utilization rates of the
mixed culture yeast culture. The mathematical Iz_xlel will be based in the cybernetic modelling
approach developed by professor Ramkrishna from Purdue University (Kompala, et at., Biotech.
Bioeng. Vol. 28, 1044-1055, 1986). With this model, performance of batch and continuous stirred
tank bioreactor can be predicted and suitable process design conditions can be estimated. Simula-
tion results will be corroborated in laboratory experiments to ascertain the validity of the model.

3.5 Production of Giuconic Acid from waste glucose

Gluconic Acid is a higher valued product that can be produced from ethanol or sugars. In 1983,
a research program about Immobilized Cell Reactors was set up at Purdue University with the aim
of taking advantage of waste food products such as cheese whey, molasses and lactose whey; aim-
ing to recover partially the large source of energy lying in these products. Actually, development
through conversion of some agricultural by-products especially whey permeate and starch in
Immobilized Cell Reactors, using different strains of yeasts, molds and bacteria. In some studies,
simple sugars such as lactose, glucose or xylose are also used.

Thisprojectonoxidativebacteria(Gluconobacteroxydansssp.suboxydans)isimmobilizedto
producegluconicacidfromaglucosesource.TheeffectofpH onthegrowthandproductivitywas
studiedandledtoa22% increaseinthegluconicacidproduction.

3.6 Simultaneous Saccharification and Fermentation of Cellulose to Lactic Acid

Celluloseisperhapsthesinglelargestbiochemicalpolymerproducedonearth.Therehasbeen
considerableeffortsbymany researcherstoestablishmethodsofbreakingdown wood,paper,and
cropdebristoglucose.Wc willbegincooperatingwithXylanInc.duringthisnextyearofthe
project.They willprovideus withpre-treatedbiomassproductsincludingwastepaper,switch
grass,municipalyardwastes,and cornstalks.Celluloseinnaturalwood andcropproducts,is
boundwithhemicelluloseinatoughcrystallinematrix.Breakdownofthecelluloseproductscan
beachievedviaacidorenzymatichydrolysis.Inthisphaseoftheproject,we willbeevaluatingthe
abilityofco-culturingcellulaseproducingorganisms(oraddingcellulase)andyeaststoproduce
ethanolorlacticbacteriatoproducelacticacid.

3.7 Simultaneous Saccharification and Fermentation of Starch to Ethanol

Starch,likecellulose,isapolymerofglucose,however,starchismuch moreeasilyhydrolyzed
tothesimplesugars,anddoesnothaveanypentosesasdoeshcmiceUulosc.Starchisgenerallybro-
kendown by two enzymaticprocesses;a-amylaseliquefiesthegelatinizedstarch,breakingthe
starchintolongchaindextrins(liquefaction),thengluco-amylaseisusedtoconvertthedextrinsto
glucose(saccharification).Theseenzymesarereadilyavailableandusedincornsyrupandethanol
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plants on a standard basis. These has been some work with yeasts that produce these hydrolytic
enzymes, but enzymes do not represent a major cost in general. We propose a system involving
simultaneous fermentation and saccharification, along with separation of ethanol from the broth.
Some studies of this system are shown in Appendix 3.7

3.8 Production of Yeast from Concentrated Syrup Streams

The use of high concentrations of sugars to produce high concentrations of yeast is being eval-
uated both on the lab and pilot scale. A small 1.5 L gas continuous reactor has been operating in
our lab for extended periods of time. The performance of this reactor is described in Appendix 3.8.
It is hoped that the cost of producing yeast can be reduced by investigating low energy oxygen
u'ansfer into and out of the reactor.

4.0 Process Design Studies

4.1 FOODS Development and Status

The current status of the Food Oriented Optimization and Design Soybean (FOODS) is dis-
cussed in Appendix 4.1. We have one graduate student, Heidi Diefes, working on the updating and
confirmation of this program.





Preliminary Design of a Waste Water Treatment Facility

M. Clark Dale
Sr. Research Eng.

Biochemical and Food Process Eng. Div
AGEN, Purdue University

Design Parameters:

A. INLET WASTE WATER CHARACTERISTICS

1) Waste water production rate--50,000 gal/day
2) Inlet BOD/COD .... 35-50,000/70-100,000 ppm
3) Temp.... 85F.
4) Ph ...... 3.3-3.8

B. DESIRED OUTLET WATER CHARACTERISTICS
1) Outlet BOD/COD .... 50/100 ppm
2) Temp---70 F.
3) pH .... 6.5

C. Treatment Design Strategy

The high BOD rates coming from the plant are much higher than normal waste water
plants can handle. Typical BOD's coming into wastewater plants are between 100 and
500 ppm. Thus, a pretreatmentto get the BOD down is required. We have been working
on a bio-reactor for the production of yeast from low levels of sugars, lactic acid, and
glycerol for the last several years (Dale et al, 1991, Salicetti et al, 1992). It is suggested
here that this sort of bio-reactor be used to drop the BOD of the irdet from 50,000 to
under 10,000 ppm or to remove 80-90% of the substrates which can be easily metabol-
ized by the yeasts. The effluent from the yeast/BOD burnerwill then be taken to a staged
trickle flow type aeration water treatment towers. The high (4-10,000 BOD) feed is still
much too strong for a typical one stage filter. Thus our strategy is:

i

1) Yeast conversion of lactic acid, glycerol, remaining sugars, some salts, phosporus,
protein to cell mass.

INLET BOD/COD: 50,0000/100,000 ppm (21,000 #/day)
INLET FEED RATE: 2,000 gal/hr
OUTLET BOD/COD: 7,000/15,000 ppm (2,940 #/day)



Yeast Concentrationin ReactorOutlet: 15-30 g/1
Yeast Producedper hour/day:125-250 # perhour/ 3,000-6,000 #/day)
Yeast Productionrate:2.5 g/1-hr
BOD Reductionrate:500 ppm/1-hr(8,000#/1.0(Oft3.day)
RefictorPackedVolume:60,200 liters/16,000 gal./2200 ft3
Reactorheight: 15 ft

_, Reactordiameter:14 ft

2) Threestage aerobicfilter-w/final clarifierfor sludgeremoval

A. Stage 1.
INLET BOD/COD: 7,000/15,000 (2,940 #/day)
OU'H_T BOD/COD: 1,400/3,000 (1,176 #/day)
BOD LOAD - reactionrate: 300 #/1000 ft3-day
Reactorpackedvolume:6,000 ft3
Recirculationrate3:1
Reactorheight 18 ft
Reactorbase dimensions: 20 X 16'
(See Figure 1)

B. Stage 2.
INLET BOD/COD: 1,400/3,000 (1,176 #/day)
OIYrLET BOD/COD: 560/1,100 (290 #/day)
BOD LOAD - reactionrate: 130#/1000 ft3-day
Reactor packed volume:6,000 ft3
Re,circulationrate3:1
Reactorheight 18 ft
Reactorbase dimensions:20 X 16'

B. Stage 3.
INLETBOD/COD: 560/1,100 (290 #/day)
OUTLETBOD/COD:50/100 (29 #/day)
BOD LOAD - reactionrate: 75 #/1000 ft3-day
Reactorpackedvolume: 4,000 ft3
Recirculationrate 1"1
Reactor height 18 ft
Reactorbase dimensions:20 X 1i'
(See Figure2)
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Design of Trickle Bed Aerobic Filters for Waste Water Treatment

Nomenclature:
F = Feed flow rate-gal/day

Sf=Feedsubstrateconc.ppm ormg/l(BED)
1_n = Feed to reactor after mixing w/re,circulation stream-ppm
So = Feed substrate conc. to reactor after mixing w/recirc-ppm.
S. = Effluent substrate concentration from the reactor- ppm BOD
&_alpha&=Feed recirculation rate as ratio of F to re,circ.
F,,/A,,= H = Hydraulic loading rate-gal/day-ft2
Lg-p_cked height of filter -R

Wastewatertreatment facilities remove the variousdissolvedcomponents in the feed
stream water to produce a purified water which can be returned to rivers and streams.
The concentration of biodegradable solids in the waste water is given as Biological Oxy-
gen Demand (BOD) which is the amount of oxygen required to oxidize the substrate to
CO2 and water. The basic reaction which occurs in waste water facilities is:

Carbohydrates/Nitrogen/Phosphorus+ O2 ....> Biomass+ CO2 + H20

Forasubstratesuchassugar(glucose)we have:

C 6H 120 6+60 2------y 6CO 2+6H 20 [1]

Which on a weight basis results in 1 pound of sugar requiring 1.07 pounds of oxygen to
oxidize the sugar to C02 and water. Thus the BOD (ppm oxygen) is about the same as
the dissolved solids concentration (ppm soluble biodegradable solids) of the wastewater
as a general rule.

In order to convert dissolved solids to biomass and CO2, the waste water must be
contacted with biomass and oxygen in a waste water bioreactor. There are five basic
types of aerobic bioreactors: 1) Aerated Lagoon, 2) Activated Sludge, 3) Aerobic Diges-
ter, 4) Trickle F'flter,and 5) Rotating disc reactors.

According to Grady and Lim (1980) the trickle filter is the simplest and easiest waste
water facility to operate. These type of reactors are robust and tolerate changes in flows
and concentrations well. They also are useful where land area is limited. In trickling
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filters, a biomass film forms on the surface of the packing material. There is a complex
microbial community which develops to metabolize the nutrients in the waste water
stream. The trickling filter community is more diverse than found in activated sludge
type reactors. "In addition to a rich mixture of eucaryotic and procaryoticorganisms,
trickling filters contain many higher life forms, notably nemotodes, rotifers, snarls, sudge
worms, and larvae of certain insects. This more complex food chain allows more corn-
plete oxidation of organic matter with the net result that fewer excess organisms are pro-
duceA." (Crrady& Lim, pg. 223) The film builds up to a certain thickness, generally about
1 to 2 ram, although clogging of bioreactors by very thick crusts of biomass is an opera-
tional hazard of trickle bed reactors. Orr and Lawty (1990) describe clogging of a plastic
packed trickle bed reactor used for municiple sewage due to the overgrowth of a filamen-
tous bacteria. This problem was treated by addition of hypochloite and increasing the irri-
gation rate. Zooglea type bacteria were more effective at BOD reduction and non-
clogging of the bed than fungi/Psychoda species. Thicker films lead to anaerobic condi-
tions within the film, and generally results in bad odors being created. Film thickness is
generally controlled by the higher level "grazing" organisms. Low temperature (winter)
operations can have a definite inhibitory effect on these higher organisms with a film
build-up resulting (Sarner, 1980). However, hydraulic removal the film is generally suc-
cessful (higher rate application of the waste water over the top of the bed).

The basic design and operational variables for a trickle bed filter is shown in Figure 3.

Inlet feed is diluted with a recirculation stream at a ratio a and the inlet BOD, Sf, is
reduced to the outlet level, Se. As the BOD in the feed to the reactor increases, the rate
of BOD consumption increases, but the degree of utilization of the BOD drops. Thus for
high BOD streams, multiple beds are needed to allow the production of a low BOD
effluent unless a very large bed is used with a high degree of recycle.

There are three basic types of packing used in trickle beds, 1) stone, 2) random plastic
packing, and 3) structured plastic sheet packing. Stones are the cheapest media, but do
not allow air to pass well, resulting in the use of wide, shallow beds of an average depth
of 5 to 7 feet. Plastic packings allow the use of taller beds due to the easy flow of air
through the beds. Maximum hydraulic loading rates of stones is in the range of 40 gal/ft2
hr, while for random packed and modular media there is minimum application rate of 30
gal/hr ft2 to maintain wetting of the biomass film, with a recommended loading rate in
the range of 35-100 gal/hr-ft2, with maximum application rates in the range of 250-350
gal/hr-ft2 (Grady & Lira, 1980). Sarner (1980) shows hydraulic loads for structured plas-
tic packings ranging from 2 to 5 m3/hr m2 (50-125 gal/hr ft2).

0

BOD reduction rates depend upon the strength of the BOD fed to the reactor. Higher
concentration of substrate results in higher rate BOD reduction, but less complete utiliza-
tion of all of the substrate. An empirical model for substrate reduction is given by:
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BIOdekisa modular sheettypemediawith a unique BIOdek modules can be manufactured in a wide
cross fluted design creating numerous inter- varietyof sizes.BIOdekmodulesare availablein
connectingchannelsor redistributionpoints.The heightsfrom 12-24incheshigh,widthsfrom 12-24
patentedcrossfluteddesignof BIOdekallowsfor inchesandlengthsup to 10feet.Specialcuttingis
uniformredistributionof air or liquidwithinthe alsoavailableforcircularor irregularvessels.

media. BIOdekisavailableinfourdifferentspecificsurface
BIOdek is manufacturedfrom polyvinylchlofide areas(see below) dependingon the application.
(PVC) sheets and assembled into rigid self BIOdekis alsoavailablein chlorinatedpolyvinyl-
supportingmodules.All sheetswithin a BIOdek chlofideCCPVC),polypropyleneandstainlesssteel
modulearestructurallyreinforcedbydoublefolding wherehightemperatureorcompatabilitywithPVC
thetop andbottomedgesa minimumof ]/2 inch. maybe a problem.
The doublefold edgeconstructionprovidesextra
strengthandstructuraldurabilitywithoutobstruc- For more informationon BIOdek for a specific
ting flow. application,pleasecontactMuntersCorporation.

Specific
Surface Area Spacing Applications

ft=/ft=(m=/m 3) (inches)

BiOdek30060 30(100) 1.07 Industrial/MunicipalWaste
Roughing/polishingtreatment

BlOdek19060 42 (140) .750 Nitdfication/Denitriflcation

Odor Control ./. ..,
BIOdek12060 68 (230) .461 Aquaculture _ _ ,, .j,! ! "cji/o

Bioremediation _ . ,,.

BIOdek7060 ] i5 (383) 250 Aquaculture _A " :
Oil/WaterSeparation _,_._) _, .,),,C_'., _'

i/ P
• *' t. , ""

• . : WaterSector8/91..o

'_1'_ 17I '! " ;" 1-800-446-6868
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pre-Biofilter Conditions

pH-range : 6.5 - 8.0
Oil and fat removal
Nutrient balance : 100 : 5 : 1 (BOD : NH_-N : PO4-P)

Temperature : maximum 35°C
Suspended solids : maximum 300 - 400 g/m S
Particle solids : maximum 10 mm

Raw sewage concentration : minimum 150 mg solBqD/1

Classification accordinu to treatability

_iqh Curve Median Curve Low Curve

Fruit and vegetable Meat Processing Textile
Distillery Poultry Tannery

_. Brewery Pulp and Paper Landfill drainings
Dairy Municipal

Dye Stuffs
, Chemical

Soft drink

R E M A R K S

- In case there are doubts as to classification of the

treatability, we recommend a pilot plant test.

- For full biological treatment and nitrification, please ask
for special design recommendations.

- The design curves are based on Munters and independent
research and the performance of full scale plants° However,
it should not be construed as guaranteeing specific properties
of the products or their suitability for a particular
application. . .
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S, e_(-K S_ H nL) [2]
So

Where H isthehydraulicloadingrateon thebed (fc3/fO.day).A plotofthisequation
using K of 50, m of -.43, and n of-30 is shown in Figure 4 for various inlet feed concen-

trations (Se), a hydraulic loading rate of 600 ft3/ft2 day (180 gal/ft2 hr) and a bed depth
of 15 feet, A design plot for a structuredplas_c packing from Munters is shown in FiS-
ure 5, and replotted on Figure 4 showing the applicability of equation 2. Crine et al,
(1990) suggest that the performance of trickle filters might be characterized by the
amount and degree of wetting of the surface, and a minimal surface flow rate F which
both wets and scours the surface to allow the film to be contacted with the waste water
and prevent a build-up or clogging of the packing.

S.__..e-_exp(_KAwH_1L) [3]
So

whereA._ is the wettedsurfaceareaof the bed. They showthatF vs_,-iesbetween0.5 and
3.5 x 10 m2/hr for a wide variety of packingtypeswhereF isdefinedas:

H [4]I" --- ----
As

where A_ is the specificareaof the packing(m2/m3), andH is the hydraulic loadingof
the pscl_g (m3/hr). Crineet al. alsodeterminethat F,_ is relatedto the biomassload-
ing of thebed in aLinearfashion:

F-'-.0081K So [5]

"['heydeterminean estimateof K as .0034 m/h, andF_ of Theseest_ates allow the
design of trickle filters for a wide rangeof packing typesas well as _ving required
_um hydrauling loadingrates.
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Design and Operation of a 200 Liter Yeast Pilot Plant:
A Gas Continuous Immobilized Cell Reactor

M. ClarkDale and M. Moelhman

Biochemical and Food Process Eng. Div. AGEN, PurdueUniversity

Reac:or Design

A reactor chamber for testing an immobilized yeast bed was built by Merrill Iron and
Steel. The basic design of the unit consists of a epoxy painted mild steel frame covered
with plexiglass sheets allowing observation of the reactor internals. The frame is covered
in plexiglass sheets held to the frame by clamps. The cell immobilization matrix was
installed in the reactor. Air and feed were recirculated to the top of the matrix to allow
gas and liquid co-current flow. The liquid tends to flow down through the absorbant
sheets while the gas passes between the sheets. There is a 2" air inlet at the top of the
reactor, and a 4" outlet 12" from the bottom of the reactor. The largest portion of the
reactor is rungas continuous, with a liquid pool of a depth of 6" in the bottom of the reac-
tor to feed the re,circulation pump. This pool has an approximate volume of 10 gallons.
Liquid level is maintained by a overflow standpipe at 6" which allows product to be
delivered from the reactor. A pH probe and oxygen probe were installed in the liquid
recycle line from the bottom of the reactor to the recirc, pump.

Air Feed to the Reactor

A 1/3 HP low pressure blower is used to provide air to the reactor. The flow capacity
curve for this blower is shown in Figure 2. Air coming into the blower is filtered through
2 2x2' high efficiency furnace filters. The outlet from the blower is taken to a series of
two HEPA filters to sterilize the air. Thus the inlet air filters removed most of the dust

and dirt, while the HEPA filters remove all particle of .2 microns or larger. After leaving
the HEPA filters, the air is taken to a humidification column. This column is a 12" diam-
eter expoxy painted mild steel column packed with a mesh packing matrix. Water is
recirculated using a 1/8 HP magnetic drive centrifugal pump. Steam is introduced into
the air stream entering the humidifier. The steam flow is controlled by a self actuated
temperature control valve with the temperature sensor placed in the air stream leaving the
humidifier. This air system is shown diagramatically in Figure 3. Air flow to the reactor
was measured at about 150 CFM with a pressure drop through the reactor of about 1.5"
I-I20.





Liquid Feed to the Reactor

Liquid feed to the reactor is introduced to the inlet of the recirculation pump which
distributes the feed and the re,circulation stream over the top of the packing matrix. The
feed is taken from 90 gallon stainless steel jacketed temperature controlled tanks using a
masterflex type peristaltic pump. A 1/3 HP self priming centrifugal pump is used to
recirculate the fermentation broth. Flow rates for the recirc, pump were measur_ at
about 20 GPM using 'pig tail' type low pressure spray heads. The spray heads are
designed to be able to be raised and lowered to allow adjustment of the spray impact
rcgion.

Operation of the 200 L Yeast Reactor

Feed was added to the reactor on a continuous basis, with lactose levels monitored at
regular intervals. Feed rates were determined by gradually increasing the feed rate while
monitoring residual lactose levels from the reactor. As long as residual lactose levels
were under 1% (10 g/l) the feed rate was increased. The feed rate was then held at this
higher feed rate for 4 to 24 hours after which lactose levels were again monitored. When
outlet levels of lactose were over 10 g/l, the feed rate was held steady or decreased until
lactose concentrations decreased. The reactor was started on 5% whey permeate, then 10,
15, 20 and finally 30% whey permeate was fed.

The feed to the system consisted of dried permeate, donated to the project by
Foremost Food Ingredients of Baraboo, WI. Dried permeate was weighed and mixed into
90 gallon jacketed feed tanks which were held at 150-170 F. The basic ingredients used
are shown in Table 1

Table 1. Feed Make-up for Yeast Reactor

Per each 100 # permeate at 80% lactose:
24# NH4SO4

920 ml'H3P04 (75%)
250 ml H2SO4

1.5g. niacin
0.45 g. pantothenic acid
61 g. trace elements @ 64% FeSO4

5.2% CuS04
27% ZnS04
2.1% MnSO4
1.1% Na2MoO4
0.2% CoCI2

400ppm Na2SO3
4L CornSteepLiquor(30% TS)



Total salts and nutrients to lactose ratio of feed 0.61/1.0

Experimental Performance of the Pilot AGCIY

The Aerobic Gas Continuous Immobilized Yeast (AGCIY) reactor was initially
seeded on 12/1/93 with 60 gallons of aerobically grown yeast. A 5% whey solids stream
with nutrients as shown in Table 1 was started at 3 Liter per hour (LPH). Effluent lactose
level was monitored using HPLC and brix readings. (Brix reading were correlated by the
HPLC allowing rapid determination of lactoselevels.) Some foaming was noted, and sil-
icon and vegetable oil antifoams were added to the liquid resevoir (aquarium) at the bot-
tom of the reactor. Few yeasts were noted in the overflow (0.1 g/l cells) as most cells
were attaching to the matrix. On 12/3 it was noted that mold growth was beginning on
the matrix, while the pH of the medium had dropped to 2.3-2.7. By 12/4 large mats of
mold had formed, blocking much of the spacing between the matrix sheets. The reactor
was turned off, cleaned in place by a pressurized water spray.

The reactor was sterilized by using a 0.5% formaldehyde solution recyling in the sys-
tem, while inhibition studies with propionate were undertaken to be able to inhibit mold
growth in future studies. It was found that 400 ppm propibnate would stop mold growth
without hurting yeasts. Yeast growth was inhibited at 1000 ppm propionate, with a 19%
inhibition of 72 hour concentration with yeast strain 2415, and a 40% inhibion of yeast
density with strain 1109. In our luther studies, 400 ppm propionate was added to the
feed.

The effectiveness of the washing procedure was determined by adding a yeast stream
to two cloth samples (dimensions 2 by 10 cm) #1 from the reactor, and #2 a fresh clean
cloth sample. Yeast holding in the old roan'ix was determined to be about 50% reduced
as compared to the new matrix (.31 g cells adsorbed onto the new matrix with .16 g cells
adsorbed onto the new matrix). Total weight of the dried matrix samples after adding of
the cells was 29.95 g for the fresh matrix and 34.45 g for the sample from the reactor.

The seed tank was again innoculated with 60 gallons of yeast prepared. On 12/19, an
innoculation of 2.8 g/1 cells was taken over to the reactor. A feed of 5% whey w/
nutrients was added at 2.4 LPH. On 12/20 5" of foam was noted in the LR, with a cell

density of 16 million cells/ml (0.5 g cell/L). Temperature was held at 92 F. by steam
addition to the humidifier. By 12/22 yeast build up on the matrix could be noted visually
with streaks of grey/white noted. The feed rate was increased to 7.2 LPH. By 12/25 a
high concentation of yeast was beginning to be shed from the reactor-50 million cells/ml
(1.5 g/L). On 12/27 the feed rate was increased to 10.5 LPH, with 1.05 billion cell/ml
noted (32 g/L). The cell density dropped for the next few days to 0.4 billion cells/ml (17
g/L). On 1/1/94, the feed was adjusted to 10% permeate plus nutrients. Some mold was
noted to be coating the outside portions of the matrix which were not being hit with the



feed spray. On 1/2/94, a cell density of 1.1 billion cells/ml (35 g/L cells) was recorded at
a feed rate of 5.3 LPH with an outlet lactose level of 0.25%. 1/3 dam showed 0.3 billion
cells/ml, 9.3 g/L cells, no outlet lactose, and no ethanol at a feed flow rate of 5.0 LPH.
1/8 dam showed 0.57 billion ceU/ml (17.6 g/L) yeast with some bacteria. Antibiotic
(pen/cillin-streptomyocin) was added on a daily basis. 1/11 dam indicated 0.5 billion
cells (15.6 g/L) cells with fewer bacteria. Foaming"continued to be a problem with the
reactor. Oceaionally the foam was quite stiff and hard to dissipate even with fairly large
added doses (10 rnl) of antifoam.

On 1/12 the feed strength was increased to 15% whey permeate plus nutrients for a
total feed brix of 16.7. Feed rate was adjusted to about 3.2 LPH. A cell count of 0.4 bil-
lion cells (12.5 g/L) was noted on 1/13. 1/15 showed 0.75 billion cells (24 g/L), while on
1/16 0.95 billion ceUs/ml were counted (29.5 g/L).

On 1/21 the feed eoncenu'ation was again raised to 20% inlet brix of 19.4 and the feed
rate aduswd to 2.1 LPH. A cell count of 1.2 billion cells (35 g/l ) was noted on 1/24.
Foaming problems were reduced at the slower feed rams given to the reactor at 15 and
20% permeate probably due to the slower rate of antifoam washout. On 1/25 a cell count
of 1.8 billion eells/ml (55.8 g/L) was recorded.

'" On 1/27thefeedconcentrationwasincreaseto30% whey permeate.A cellcounton
1/31showed0.85billioncells(26 g/L)withaninletbrixof32 andoutletbrixof21.4.
The cellsseemedtobesmallerthannormalonavisualinspection.A crackinthesideof
thereactordevelopedatthistimeandwas closedwitha stripofducttape.On 2/2,an
outletbrixof20.8wasnotedwith0.48billionceUs/rnlcounted(14g/L).

Analysis of Results

Feed flows, inlet and outlet lactose levels over the 50 day experiment are shown in
Figure 4. W_ see that outlet lactose levels were kept lowthroughout the experiment, with
some higher-levels (2-3%) noted at the end of the trial where 30% whey permeate was
fed. Figure 5 shows yeild, Y x/s, grams of yeast (dry basis) per gram of lactose disap-
pearing from the reactor. We see that yields dropped from near theoretical (.5 g/g) on 1/4
when bacterial infection was noted in the reactor. Mold growth may have also contri-
buted to lower yeast yields. Yields stabilired at 0.2-0.3 as the feed concentration was
raised from 10 to 15 to 20%. However, at 30% feed, yields dropped considerably. Lac-
tose u"ulization rates were relatively constant at about 2.0 g/L for all the feed rates, with a
slight loss in reaction rates as feed concentration increases.

Table 2 shows lactose utilization rates and yeilds obtained by various researchers pro-
ducing yeast from whey in batch and continuous reactors.

Our calculations indicate that the liquid hold-up in the reactor is about 25%, so that on a
liquid hold-up basis, reaction rates in the AGCIY are about 10 g/l-hr. This compares well
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to most of the results given in the literature.

Conclusions

From these results we can conclude:

1) the reactor can be operated on a continuous, low labor, low trouble manner for
extended periods of time.

2) Lactose utilization rates are similar to batch yeast growth rates as reported in the litera-
ture on a volumetric basis, but higher on a liquid hold-up basis.

3) The reactor should be designed to have sterile operating conditions. Bacteria and mold
both were determined to be able to co-exist in the reactor. Adding propionate can control
molds, and low pH combined with antibiotics can control bacteria, but it is preferable to
not add these compounds.

4) Yields in the reactor were lower than would be ideal, although near 100% efficient
yields were noted for during week 2 of operation at 5 and 10% whey feeds. We feel that
yields dropped due to competing organisms in the reactor. Yeilds of 0.2 to 0.3 (40 to
60% of theoretical) were noted for operation at 15 and 20% whey permeate feed concen-
trations.

5) A feed concentration of 30% caused yeild performance to drop considerably. We
suspect that the salt concentration is inhibitory at this level of feed.

Process Economics for the AGCIY reactor.

A process.for the conversion of whey permeate to yeast is shown in Figttre 6. In this
design, a 0.2 micron sterile filtration system is suggested for feed sterilization. The con-
centrate from this membrane process can be taken back to the UF system to improve
yields. A flash heat sterilization could also be used, although it is important to keep flow
turbulent when heating and cooling whey permeate as there is a tendancy for minerals
from the whey to preciptate onto heat exchange surfaces. In Table 3, the economics of
yeast production by a standard process as suggested my Maiorella (1984) is compared
with the AGCIY reactor. Both processes are characterized by an input stream of 100,000
#/day of 6.2% whey permeate. The conventional process converts the whey lactose to
yeast, centrifugally collects the yeast, and discards 70,000# day of exhaused (de-lactosed)
whey permeate with a BOD estimated at 10,000 ppm to a waste water system. The
AGCIY system concentrates the whey by a factor of 3 to 18% solids using RO, sterilizes
the concentrate using a 0.2 micron membrane, and this concentrate is converted to a 12%
solids mineral yeast product. As per Table 3, energy use by the AGCIY reactor is



estimated at 16 HP versus 105 HP for the conventional fermenters, a reduction of about
85% in energy use. Drying costs are similar for the two processes. Costs for concentrat-
ing the whey with RO are comparable to the cost of nearing the waste water in the con-
ventional system. Capital costs for the AGCIY reactor are about 79% less than the con-
ventional fermenters. Total capital cost for the AGCIY system is estimated at $365 K
(bare module cost) versus $827 K for the conventional system.
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Table 3.

Preliminary Economic Comparison of the AGCIY Reactor for Yeast Production versus
Conventional System.

Basis-100,000#/dayofincoming6.2%wheypermeate(5% lactose).

Conventional. Two stirred, aerated fermenters (20,000 gal each), a centrifuge, yeast
creamstorage,and drier •

I

CapitalEquipment __-
.,m

1) seed tank- 400 gallon- $8.5*(980/560) ..... > $12._ :_m--.
2)fermenters-2@20,0o0gal-2*f20,000/_o,ooo)'.6_$100.5_oso/560)_',_6 _',

wl agitators, cooling coils, aeration.... > $528 K \-_---: :--"--'--" _:/
_')

3) centrifuge-I10 HP-$18.9*(10HP/SHP)'.8*(980/560) L!'...... >$57 K

4) fluidized bed drier- 26,{XX)#/daywater removed ..... >$90 K
5) 70,000 # day waste water @ 10,000 ppm BOD ...... > $150 K

TOTAL $827K

Energy Requirements
1) fermenter- air compressor ....... 75 HP

agitator.............. 30 HP
cooling water- ........ :30,000 #/hr

2) centrifuge- 10 HP
3) Fluid bed drier ................... 60 MSCF/day
4) Waste water (0.5 KW/#BOD) ............ 300 KW-h/day

Energy Costs---(elect .05/KW-h, gas $4/MSCF, $.01/I(XX)# CW)---> $358/day

Product rate: 2,500 #/day dried yeast at 85% yeast, 15% minerals







AGCIY Reactor Economics. RO concJmemb, sterilLz,AGCIY Reactor, Fluidized
Bed Dryer

CapitalEquipment
1) seed tank-400 gallon- $8.5*(980/560) ..... > $12.8 K
2) RO/.2 micronmembranesystem(3X to 18%)
$120K *(980/7,60)....... > $153 K

3) AGCIY fermenter-1@750ft3 w/1 HP blower--->$110 K
4) fluidizedbed drier-28,800#/daywaterremoved ..... >$90 K

TOTAL $365 K

Energy Requirments
1) RO/.2 micronsystem ......... 30 HI'
2) AGCIY reactor ......... > 26 HI'
3) fluidized bed drier-67 MSCF/day

Energy Costs---(elect .05/KW-h,gas $4/MSCF,$.01/100_ CW)---> $315/day

Productyield ........ > 3,850 #/day of mineralyeast (55-65% yeast, 35-45% minerals)
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Development of an Low.Energy Resctor.Separstor Process
for the Production of Ethsnol from Grain or Biomsss

3. Executive Summary

A novel reactm-lseparator is coupled with a solvent ethanol recovery system to give a
low energy continuous process for the production of ethanol from starch or biomass.
Combining reaction with separation allows the fermentation of highly concentrated
sU'esms of up to _ solids. Simultaneous saccharification and fermentation of polysac-
clun-ides such as starch and cellulose can be quickly completed in the Continuous Reactor
Separator (CRS). Preliminary calculations indicate that anhydrous ethanol ethanol may be
obtained from feed concentrations u low as as 3 to 4% sugar with an energy consumption
of only 10,500 BTU/gal for ethanol recovery and dehydration when the CRS is coupled
with solvent absorption recovery of the ethanoL This system will allow lower capital,
lower energy usage, and lower labor production of ethanol. This CRS is a new type reac-
tor which allows simultaneous saccharification, fermentation, and ethanol separation in a
combined process. Combining these reactions allows significant improvements in each
operation.

In this project, two basic efforts are proposed, I) lab scale development of the CRS
followed by 2) pilot scale testing of the technology on the 5,000 liar scale. A process for
ethanol from ground corn has been designed which incorporates near complete recycle of
the ensymes, cells, and water, so that the only process effluent is a compressed wet
distiller's grain. Two technologies will be developed in conjunction with the CRS during
the lab scale testing in the first year of the project, 'no cook' sacc_cafion, and extru-
sion cook liquefaction. The 'no-cook' process has energy advantages, but may not be
ready for implementation on the pilot scale, while the extrusion cook has been reasonably
well demonswated by a number of researchers. During the first year, lab scale work will
focus on batch experiments along with construction and operation of a 4 liter CRS. Based
on batch tests, the simultaneous saccharification and fermentation of starch will be demon-
strafed on the bench scale CRS. The effects of the recycling the liquid from the effluent to
the reactor inlet will be documented. During the latter part of year one, a 5,000 liter CRS
will be constructed at a small ethanol facility. This pilot plant will then be operated during
year two of the project. During year two of the project, lab scale experiments will focus .
on using biomass (cellulose-hemiceliulose streams) for reactor feed.

The reactor-separator consists of stirred tank type reactors opea'ated in series, with the
liquid streams moving from tank to tank contacted with a stripping gas to remove the
ethanol product. Saccharification (of both starch and cellulose)is sped by the reduction of
sugar concentration as the sugar is fermented to ethanol. Fermentation is sped by the
removal of the toxic ethanol product, and ethanol purification and concentration costs are
reduced by the enrichment of the ethanol in the vapor phase. The gas stream is co-current
to the tank to tank liquid flow in the enriching section, and counter-current in the stripping
section. The final effluent from the CRS is characterized by complete saccharification of
all polysaccharides, complete fermentation of sugars to ethanol and complete removal or
separation of the ethanol into the gas phase.



4. Rationale for Project

Current batch fermentation technology for ethanol production requires large scale
operations (12-50 million gal/yr of edumol), a large capital investment ($2-4.00/annual
gallon), and is energy intensive with an energy usage of 60-110,000 BTUlgal of ethanol
produced from corn. About half of this energy is associated with drying and evaporating
the stiLlage, and half with fermentation and distillation. Current ethanol production level
in the USA is at about 800 m/Ilion gallons/yr. The total market for ethanol as a t0% blend
in gasoline would be 12 billion gallons. As more and more ethanol is produced, it is
important to our net energy position that ethanol be produced domestically in an energy
efficient fashion. A Continuous Reactor Separator (CRS) consisting of stirred reactors
matched with gas-liquid contactor stages has been designed and modeled. A patent
(#5,141,861) has been recently issued which decribes this reactor technology. This CRS is
a new type reactor which allows simultaneous saccharification, fermentation, and ethanol
separation in a combined process. Combining these reactions allows significant improve-
ments in each operation. The CRS offers a low energy, reduced capital, and reduced labor
process for the production of ethanol from starch or cellulose. The CRS system allows
both high concentrations and low levels of substrate to be convened to anhydrous ethanol
with low net energy consumption. Energy requirements for corn or grain to anhydrous
fuel ethanol have been estimated at only 8,500 BTU/gal for smaller scale operations where
the distillers grain is fed wet, and 28,500 BTU/gal for larger operations where the spent
grain is dried. This represents a reduction of 70 to 91% of energy production cost for each
gallon of ethanol produced. Total savings to. the USA as this technology is implemented
and retrofitted could be as high as 8 x 10 I_BTU/yr. As our nations oil supplies are
depleted, and clean air requirements are stiffened, the need for ethanol fuels is becoming a
national priority. If, however, current high energy technology (utilizing coal fired boilers)
uses 60 to 120,000 BTU's of coal energy to produce 84,000 BTU's of liquid fuel energy
per gallon of ethanol, the net effect is to produce a lot of coal fired boiler stack gas emmi-
sions to reduce car exhaust emmisions. The net effect on the US environment of this

trade-off is open to debate. We feel there is a strong need for new low energy ethanol pro-
duction technology in the USA.

Reduced export markets suggest that it is critical to develop internal uses for grain pro-
ducts in the USA. Rapid changes in commodity prices make it important for grain proces-
sorsto be able to produce a variety of products based on immediate evaluation of demand
and profitability of these various products. The profitability of smaller grain processors
and local grain elevators could be improved by a smaller scale, lower cost, low labor
ethanol producion process. The current economics of scale for ethanol production force
very large (6 to 40 million gallons ethanol/yr at a cost of $2-3.00/annual gallon) plants in
order to be competetive. With these large plants, a minimum investment of $18-80 mil-
lion is required, transportation of the grain, grain storage, and effluent handling are major
problems. Smaller, more numerous ethanol facilities would allow use of substandard
grain, corn fines, or waste starch su_.ams from corn or potato processors on a local level.
Hauling costs would be minimized, and stillage utilization by local farmers can be maxim-
ized on a small 'community' level. In order to make this practicable, the capital, energy,
and labor expenses associated with ethanol pnxiuction must be minimized through new
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technology. Design and experimental work at PurdueUn/versity suggests that a new
reactor/separatorshouldoffer dramadcreductionsin ethanolproductioncom. Total uti/-
iV/costs for the fermentation,sepm'adon,and productionof anhydrousethanol can be held
to under$0.I0 per gallon for a concenu-ate.Asugarre'earnbased on prelim/nary design
estima_s. Initial cost estimatesfurth_"suggest thatcapital,labor, space and effluent treat-
ment costs are low in comparisonto conventionalfermentationsystems. The integrated
fermenter-separatorwas developed to allow continuousconversion of sugars to ethanol,
and an immobilized cell type reactor-separator(ICRS)has been tested on whey lactose,
glucose and sucrosestreams. The ICRSconcept hasbeen tested, sealed-up andproven for
concentratedlactose streams. We now wish m expand this technology to _ and ceLlu-
losic streamsin a low effluentprocess.

In thisproposala two yearprojectis proposedto allow experimental and design work:
to be performed to test a continuoustwo step (starch or cellulose to sugar/sugar to
ethanol), high efficiency, low effluentprocess for ethanol production. It is expected that
this technology will makeethanolproductioneconomicon a small scale (200,000- 2 mil-
lion gai/yr). This workwill furtherinclude modeling,design, and optimizationof various
sized operations. During the first year of this project,we will be focussing on grain
(starch)to ethanol productionwhich currentlyrepresentsthe largest feedstock udlized for
ethanol production. Lab scale batchand CRS experimentswill be performed. A 5,000
LiterCR$ will be designed and constructedduring the latterpan of the first year. This
CRS will be operatedduringyear two of the projectwhile in the lab the use of cellulosic
feed stocks will be studiedwith the intent of developing ethanol processes from non-food
sources.

S. Deeription of the Research

There arethreemajorgoals forthisproject:

1) Determinationof starchhydroysis/fermenmtionldnetics in the CRS
a)'no-cook' kinetics
b) exu-usioncook kinetics
c) consu'uctionandoperationof bench scale4 L CRS
d) effects of brothrecycle onreactorperfonmnce

2) Design and constructionof 5,000 L CRS for operationon ground corn, starch, and waste
sugarsat a small ethanolfacility and

3) Demonstrationof a ceUulose/hemi-ceLiuloseco ethanol process using the CRS technology
(benchscale tests).



Apparatus(CR$-$olventEt/_znolRecovery)Design

During the last several years, our research group has been working extensively in the area of
immobilized cell reactor technology, combining the continuous advantages of immobilized cell
reactors with separation of an inhibitory fermentation product (Dale et al, 1985 a,b). This work
has led to the design of several reactor separators (Park et al, 1989, Lee et al. 1990) for the vola-
file production of products other than ethanol. We have also been scaling-up an Immobilized
Cell Reactor Separator (ICRS) for large scale ethanol production from clear liquid substraces.
The ICRS incorporates a similar gas phase stripping concept as being developed for the CRS.
We have thus gained a good deal of experience with gas-liquid separations. A 50 liter ICRS has
been built and operated at Purdue over the last few years for operation on concentrated whey
permeate (Dale et al, 1991) and is currently being modified for operation using solvent ethanol
recovery. Currently,one 7,500 liter ICRS reactor is being built for installation at an Iowa site by
Permeate Refining inc.(Dale, 1992) with several others in various stages of design and siting.
The ICRS utilizes cells immobilized onto a special matrix having adsorbant properties. Despite
several advances in scaling.up and improving this immobilization matrix there is currendy no
way a stream containing insoluble solids could pass through the system without clogging the
matrix.

A reactor-separator using stirred tanks in series has been developed and patent_'d which
should allow the feeding of insoluble solids. This continuous continuous reactor-separator
(CRS) consists of a series of reactor stages, where each stage consists of a stirred tan}; reactor
coupled to a gas/liquid contacting portion as shown in Figure I. The stages are stacked in such a
way that there are two basic gas/liquid flow portions of the reactor. A co-current gas/liquid flow
section termed an enricher where the ethanol level is allowed to build-up, followed by a counter-
current gas/liquid portion where the reaction is completed and the ethanol stripped, with the net
effect that the fermentation broth leaving the final stage of the stripper has no fermentable sugars
or ethanol remaining. The method of stacking the stages is shown in Figure I. The calculated
ethanol and lactose profiles of a $ stage CRS are shown in Figure 2. It is the goal of this propo-
sal to build and operate this reactor on a bench scale, using ground corn and starch during year I,
and celluiose-hemicellulose during year 2. A 4 liter bench scale reactor will be operated to test
the ability of the CRS to complete its three objectives: I) saccharification, 2) fermentation, and
3) separation of ethanol. This unit will consist of four 1 liter stages as shown in Figure 1. The
concept incorporates conventional stirred tank in series reactor technology with co- and
counter-current gas phase product snipping from the fermentation broth as the broth moves from
stage to stage. This separation has the effect of decreasing the ethanol concentration in the
stirred tank reactors, increasing the rate of ethanol production by the cells. The design and con-
slruction of a gas-liquid contactor portion of the CRS stage should have the properties of: a)
close approach to gas-liquid equilibrium b) low gas phase pressure drop and c) non-clogging. A
long trough type bubble cap type contactor will be used in the test CRS which should allow good
turn-downperformance.

During the last part of the first year of this project, a 5,000 liter CRS (5-1,000 L stages) will
be constructed. This unit will have a diameter of 4.5 feet, and a height of 23 feet. The kinetics
of extrusion and/or 'no-cook' saccharification will be used to predict the performance and help
in the design of the unit. An Iowa company which is in the business of converting waste sugars



Figure 1. The CRS concept with simultaneous starch hydrolysis in a 'no.cook' process.
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to ethanol has agreedto participatein thisprojectby siting the5,000 liar unit. Negotiations are
still underwayabout actualcon_ andfund/ngarrangementsfor the CRS siting. Permeate
RefiningInc. is cun_ntly siting a 7,500 literICRSfor the conversionof whey permeate concen-
trateto ethanol at this same site. PILlalso receives large amountsof waste starches and sugar
steams, as well as being sited within 100 feet of a grain handlingfacility. Ethanol recovery
from the CRSwill be integratedwith theethanolrecoverysystemused with the ICRS.

A high cell density in the CRS stageswill be maintainedby 1) the continuous additionof a
small numberof DADY type Sacc/u_romyce$cerevis_ yeast or a thermotolerant,osmotoleram
strainof S. pombe ma_udned in our lab. 2) recyclingthe cells from the effluent stream to the
inlet stream, pH of the reactorswill be controlledat 3.5 to 4.0 so as to m/nim/z¢problems with

n 'bacterial co rumination. The rateof ethanol productioncan be determinedas a function of the
environmentin each stirredreactor.

J

x__,u,=,(ee.,)= [I]xta'r

WhereX_is Livecell density, f(P) is an ethanolinhibitionfunction, f(e) is an osmotic inhibition
function, and f(s) is a low sugarconcentrationinhibition function. Ethanol inhibition, f(P) is
generallylinear with concentration,

Osmotic inhibitionis generallylinear beyondaninitial thresholdconcentration,e_.

Dale et al, (1990b) showed that both ethanol and high subswateinhibition for several strainsof
yeast are largely an osmotic effect so thatequation3 may sometimes be used to describe sub-
strate, osmotic and ethanol inhibition. Inhibition due to substrate exhaustion is generally
modeled using the Monodmodel.

By removing ethanol from the fermentationbroth,net fermentationratesare improved. For
a basal case of 20% glucose feed, 50 g/l cells in the fermentationbroth, the fermentation



performsnceof severalf'ermentezswerec_culamtusinga basalsizeof 2 milliongal/_ ethanol
plantscale(Table1). Fort_:h operations,seven24,000pl]ons fermenterswouldberequired,
while for a single stage CSTR (ContinuousStirredTank Reactor)with finalethanol concentra-
tion of 98 10tl,a 123,000 gallon tank would be required.Fermentationperformanceis improved
when three CSTR's arerunin series. Averagereactorpreducdvityjumps fi'om0.6 f,/l-hrto 3.7
g/l-hr as only the finai stage of the reactoris seeing the 98 g/l-hrethan61whichis quite inhibi-
tory. Average productivities rise again when five stages are utilized, but net capital cost is
higher due the added expense of more fermenters. The CRS has a productivityof 35..5g/l-hr
with complete fermentationof a 20% feed in a 2.5 hourresidencetime. Ethanollevels areheld
to under 50 g/l on any stage to maximizefermentationratesandminimize ethanolcatalyzedcell
death. Captitalcost for the CRS with 5 stages is only 15%of the cost of a batchreactorsystem.
As with the CSTR's, addedstages, while improvingaverageproductivity,cause net capitalcost
to be somewhat higher (an8 stage CRS costingmore than a 5 stage system).

Energy savings are attainedby combining the CRS reactorconcept with solvent absorption
of the ethanol from the gas suv.amexiting the CRS as shownin Figure3. The ideal solvent for
absorptionof ethanol from a gas streamwould have the following properties: low vaporpres-
sureof the solvent, solvent miscible with ethanol, solvent vaporcarry-overnon-toxicto ferment-
ing microbes in CRS, low solubility of water in the solvent, and low solubility of solvent in

•water. The ideal solvent would absorbonly ethanol allowingan anhydrousethanolproductto be
strippedoff from the solvent/ethanolstreamfrom theabsorber.However,all solventshaving the
ability to solvate ethanol also dissolve some water. Tedder et al. (1986) statethat the solvents
they tested for direct solvent extractionof ethanol have a 3 to 5% water weight fractionin the
solvent phase when contacted with an aqueousphase. By not actuallycontacting the solvent
with the aqueous phase, the water concentrationin the solvent is reduced in the CRS/solvent
absorption process. Solvents have been screened for direct solvent extractionof ethanol by
several researchers(Roddy, 1980; Arensonet al, 1990; Kollerupand Daugulls, 1985; Munson
and King, 1983). Each solvent can be characterizedby an equilibriumdistributioncoefficentfor
ethanol between the water and solvent phase, as well as a distributioncoefficient for water
between the aqueous and solvent phases. Dividing the ethanol distributioncoefficient by the
waterdistributioncoefficient gives a separationfactor,ct,whichdescribesthe relative affinityof
the solvent for ethanol over water. Dodecanol, found by Minier and Goma (1982) to be non-
toxic in direct solvent extractionin-sire separation,has an ethanoldistributioncoefficientof .21,
and anethanol/water separationfactorof 21. Workby KollerupandDauguUs,(1985) indicated
that dodecanol was somewhattoxic to rnicobes. Researchin our labs has shown that dodecanol
in direct contact with immobilized cells was toxic to yeast, but when used as vapor ethanol
absorber, the dodecanol vaporscarriedover to an immobilizedcell type reactorwere not toxic,

.withfermentationratesof immobilizedcells stableover 4 to 6 days (Lee andDale, 1991 _mpul>.
lished data). We arecurrentlyevaluatingsolventswith separationfactors of 50-90, whic_ would
give the ethanol concentrationsas shown in Figure4 when water and ethanol are strippedfrom
the solvent. By not actuallycontacting the cells with an organicphase, toxicity probl_:msand
solvent loss into the water phase areboth minimized.

Combining the ethanol enrichmentof the CRS (vaporconcentrationof 5 to 8 times higher
than liquid) with the enrichmentof ethanolin the solvent absorber( limited watersolubility in



Figure3. The Solvent Absorption-ExtractiveDistillation (SAED) process for ethanolrecoveryfrom gas
stxeams.

t
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the solvenOallows highly concentratedethanolto be easily recoveredfrom the solvent in a sol.
vent strippingcolumn. As the solvents cunently underconsideration are 'high boilers' only
traceamountsof solvent vaporenter the CRS, and bawd on studiesto date with animmobilized
cell reactor,these vaporsleave thereactoratthe sameconcentrationas they enter.

An anhydrousethanol productmay be recoveredfromthe solvent using a simple exmtcdve
disdllmion procedure using the same solvent used for the ethanol absorption. This processhas
been designed, tested, and is in the process of being incorporatedinto a detailed stage-by-stagn
muld-component model of the seperadon system. Prelim/naryhand calculations indicate the
systemwill allow an an anhydrousproductto be obtainedat a low energycost as shown in Pill-
ure 4. It can be seen that as the ethanol con_trafion in the stage from whichthe gas exits is
allowed to increase, energy costs for ethanolrecoverydrop. The selection of solvents and test-
ing of theSAED system was decribedin a paperrecentlygiven byDale (1993).

Demonstrmion of a continuous low.e_uenr dry milled corn to ethanol process

The major year one effort of this project involves utilizing the CRS t_t reactorfor milled
gra/nfirston the benchscale CRS, and then the constructionof a 5,000 literpilot unit. The corn
grits must be converted to fermentable sugars before or dining the fermentation process.
Researchgoals duringthe operationof this 4 L test unitinclude:

a) Determiningthe kinetics and feasibility of a 'no-cook' saccharificationof raw starch using
exu'usion. We have begun some preliminary'no-cook' saccharificationstudies in our lab Prel-
iminary results using a commercial ensyme with both alphaamylase, and glucoamylasefunc-
tions were fairly successful. Glucose inhibitionof ensymatic action was noted to increase at
lower temperatures. This suggests that simultaneousfermentation and saccharificationmay
proveveryimportanttobeingabletousethe'no-cook'saccharificationprocessforrawstarchat
high concentrations. These results are similar to the kinetics detcn_ned by Matsumuraet al
(1987,1989) for raw starchsaccharificationusing a glu¢oamylasewith sweet potato starch. We
found up to 80% conversion of purified corn starchanddry milled corn could be attainedin a
'no-cook' ensymatic process. Our lab found that the use of milled malt enhanced the
saccharificationprocess as shown in Figure 5 (Dale et al., 1993). D_ring year one, we will do
more extensive kinetic studies on this 'no-cook' processand test it for a 3 week (21 day) con-
tinuousrun with the CRS. The basic designof the feed andeffluent flows for the proposed pro-
tess is shown in Figure 1. We see that drymilled cornis introducedon a continuousbasis to the
first stage of the CRS, along with the liquidrecycle from the reactor effluent. The corn solids
will be separatedusing a sieve (fine mesh screen) press. (A semi-continuousseparationof the
solids will be practicedin the lab. The use of a cheese pressavailablein the Food Science pilot
plant is being considered for liquid-solidsseparation). These solids will be takenoff, while the
liquid streamcontainingceils, ensyme, water, and some soluble non-fermentableswill be taken
back to the first stage of the CRS. Some preliminary tests will also be run on the effects of
growing various straLnsof AspergUlus niger on wet corn and using this as a ensyme source.
Severalresearchersreportgood results with this type process tHanand Steinberg,1986;Fujio et
al, 1984; Uedaet al, 1981).
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Figure 5. 'No-cook' saccharificationof corn grits.
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b)Te.-dngof a conelnuoushighpressure,high mnperan_ exmudongelatinizadonof starch.

The pmstbtlit_ of exmudon cooking of milled com, has been examined by a number of
resemchzrs (Ben-Gentet al. 1983; Linko et al., 1983; Padcet aL, 1987; and Downs et al, 1982
amonli others). This has been shown m be a quick and effective method of cooking the c_.
Because thecorn is cooke4 at low moisture,muchless energyis reqtmd, there is no need to heat
up 8# of water with 2# corn as in conventional cooking prec_ses(9-12,000 BTU per gal.

+ ethanol). Downs et al. suggest 15-18% moistureis ideal for 'dry cooking' of starch. Ben-Om_
etal.(1983)showthatenergyrequirementsfordryexu'usionlovesa50_ decreaseinnetenergy
use, while wet exumsioncook (25-_ moisture)can reduceenergyuse by 75_ to about 3,000
BTU/gal.

In our work, we will use30-40_ moistureexmxlai corngriu and feed these to the CRS
along with the liquid recycle sue,am. An exu'uder(Bra_nder model 2003) with alpha-amylase
CTaka-thermby SolvayEnsyme)addedm thefeed will be used to obta/na liquilied starch (corn
grim) slxeamfollowing the proceduressuggested by Ben_ et al (1983). The saccat_ation
kinetics of thelkluifiedcorngrits/starchstreamfrom theprevious ltquifaction step will be deter-
mined at various concentrations (20-50_ solids) using both fresh water and recycled fermenter
effluentto dilute theinlet starch_ Comme_-iallyavailableglucoamylaseenzymes ('Oaso-
lase' by Bio- Con, or Diazyme by Solvay Enzyme) will be added at various conceneradons.
These expermentswill be conductedin small stirredbatch reactors,andthe best conditionsrepli-
cated in a the CRS reactor. A 20 to 30 day runof the CRS on exu-udedcorn grits will be per-
formed using the results of the batch experimentsto optimize exumderoperation parameters
(moistme and temperatun_).

c) Testingof hightn'essu_,high_eml_mtureacidhydrolysisof starchusingextrusion.

Acid hydrolysis may be cheaper and more effective than ensymatic starchhydrolysis. In
general,higher_emperamresallow loweracid levels, so thatthe hightemperaturescreatedby the
extrusionprocessmay allow a fairlylow acid concentrationto give good hydrolysis. This might
be aided by the use of yeasts which have some ability to breakdown starches. Amyolytic and
glucolytic ensymes are produced by yeast smfins such as Schwanno._oyces casrelU,
Endomycopsis ftbulisera, and others (Stewartet al, 1984). Sample strainsof several of these
amyolydc yeasts havebeen obtainedfor preliminaryexperiments. Acidic conditionsduringfer-
mentation are advantageousfor yeast as long as the pH is above 3.5 The performanceof the
extruderas an acid-starchhydrolysisreactorwill be evaluatedin preliminarytests. If the tests
seem successful, or if process modeling indicates that this process has major cost or energy
benefits,thisprocesswill be more thoroughlystudied.

d) Determinationof theeffects of 'thinstillage' recyle on long termreactorperformance.

The processesproposeduse recyclingof the supernatefrom the centrifugafionor strainingof
the reactoreffluent. This will allow recycle of cells, ensymes, and non-fermentablesolubles.
There will be some build-upof these non-fermentablesoluble solids, so in the course of our
work, we will determinethe net long terminhibitory effect of this recycle stream. Work by
Nofsingeret al. (1981) showedno majorproblemwith thinstiUagerecyle, butoursystem will be
runningat a highertotalsolids. The limitsof total solidswhichcan be handledbythe systemare



set either by the ability of the fermenting microbes to withhsumd highly concentrale.d environ-
merits or the total viscosity of the fermentation broth. The limit on feed concentration becomes
the ability of the fermenting organism to tolerate highly concentrated feeds. Organisms can be
chosen which are more tolerant of high osmotic environments. Dale et al (1991), showed the
long term abifity of a strain of S. pombe to ferment 50% solids molasses or up to 60% sucrose
solutionsinanimmobifizedcellreactorseparator.Inaninm_bilizedreactor,conditionsateach
point in the reactor must allow some growth for stable reactor performance ('Dale et al, 1990a;
Chen et al, 1990), while for the CRS, as long as there are conditions for growth in some of the
reactors, stable performance can be maintained (as long as net cell growth rates exceed loss and
death rates). Dale et all (1990b) however, also showed that growth of yeast tends to be more
strongly inhibited by high osmolality than is ethanol productivity, so ff ceil growth is required
for long term operation of the CRS, solution osmolality may limit permformance.

e) CO2 management

The CO2 will be circulated through the reactor at a ratio =vii. of 2.5 where V is the molar
How rate of CO2 and L is the molar liquid flow rate. CO2 given off by the reactor will be taken
off after the absorption of the ethanol as shown in Figure 1. The CO2 will be circulated using a
small 26 Ipm diaphram type Gast pump on the lab scale, and with a centrifugal blower in the
pilot plant. Pressure drop through the CRS is estimated at 1.5-2" H20 per stage or about 8"
through the 4 to 5 bubble or tray cap plates. Pressure drop through the absorber and inlets and
outletswillbe designedtobe lessthan4" fora totalpressuredropofabout12"H20. The
amountofCO2 givenoffwillbemonitoredasaneasymethodofdeteminingthereactionrate,as
CO2 andethanolaregeneratedonanequimolarratiowhen sugarisfermented.Temperatureof
the reactor system will be controlled by the circulating gas stream. The CO2 acts as a tempera-
ture control device, as it takes a lot of energy both to heat and saturate the CO2 at 38C. (A 2
degree increase in temperature raises the ethalpy of the gas stream from 72 BTU/# to 82 BTU/#
or 14%.)

0 5,000 L CRS Pilot Scale Unit

A 54" ID cylindrical CRS consisting of 5 stages will be constructed. This unit should have
an ethanol production capability of between 150 to 450,000 gal/yr depending on yeast density
and activity in the reactor. The unit will be about 23 feet high and have five 1,000 liter stages.
CO2 will be taken from the f_RS to a solvent absorber for ethanol removal, with the CO2 then
recirculated back to the CRS system. The system will be designed to have a gas flow which can
be varied between 4,000-8,000 CFM at 12" pressure drop. The unit will be constructed from 304
stainless steel. During the latter part of year one, the findings of the research performed during
the first 9 months will be used to select a process for sacchazification to be used at the PRI site.
The system utilizing exn'usion cook is the system requiring the least developmental effort as this
system has already been demonstrated to work by our lab and others, but exactly which method
of sacchmtication will be utilized will be determined as a function of experimental results.
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The CRS forcellulosicfeeds_eav 2-lab_Hmen_)

The _mult_eous saccharification and fermentation of cellulose allows improved
sacchafification kinetics. This combination has been suuested and utilized by various research-
ers (Schell and Walter, 1991; Spindler et al,1991; Bownmn and Oeiger, 1984). Standazd enzyme
kinetics for starch or cellulose saccharification generally follow Michaelis-Menton kinetics:

v.s [5]V=
K. +S

where S is the concentration of multisaccharide that the enzyme is hydrolysing. As the multisac-
charide has a high molecular weight, the molar fraction of the subsu-ate S _s sharply as
the multi-saccharide is hydrolysed to glucose. Simultaneousfermentation with saccharification
reduces product inhibition and the formation of undesirable side-products generally associateA
with the saccharification process of both cellulose and starch. Product (glucose, or z) is more ini-
bitory to enzymatic cellulose conversion than enzymatic starch conversion. Cellulose hydrolysis
is more strongly produc_inhibited than starch with there being _ignificant product (glucose) inhi-
bition or enzyme binding. Currently available cellulases are not particularly thermo-stable, so
that saccharification generally takes place at the same temperatures as fermentation. Thus simul-
taneous saccharification and fermentation of cellulose allows much improved rates for
saccharification.

Biomass such as corn stalks, wood chips, or straw is a mix of cellulose, lignin, and hernicel-
lulose. In order for the ensyme to be able to attack the cellulose, the biomass must be pretrear_
in some fashion. Treatments include physical, chemical, and biological methods. Physical
methods include grinding, shearing, exmsding, or kradiating. Chemical treaunents include
alkalis, acid and solvents, while biological methods use lignin degrading organisms such as rot-
fungi. According to Ladisch and Swanzkof (1992), exu_sion w/pressure seems to offer the most
economical method with an energy cost of about $0.005/# of biomass. We propose to cooperate
with Xylan Inc. who are developing an extrusion de-lignification process for biomass. Xylan
will run samples of various biomass products through their extrustion process and this will be
fed to the CRS process during year 2 of the project. In conversations with Mr. George Tyson,
president of Xylan, he indicated that he would be happy to work with our project, and that we
could just pay him a 'supplies' fee for the extruded biomass produce. Commercially available
cellulase will be used and strains of yeast able to convertxylose as well as glucose to ethanol
will be used. Sliniger (1988) worked with Pachysolen tannophilus, and other yeast strains have
been developed which can develop 6% ethanol on xylose (Chen, 1992).

6. Educational Features

This project wilJ.provide educational features for undergrads as we have been hosting British
chemical engineering students for research semesters for the last 3 years. We also generally
have one part-time undergraduate helping with the research and tests. The project will also pro-
vide funding for one graduate student who will be focussing his research based on this project,
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and finally we will be hiring on post-doctoral student who will be paid partly through this pro-
jeer.

7. Facilities and Equipment

A well equipped biochemical and food process engineering laboratory and food processing
pilot plant are available at Purdue for this work. Insmanents to be used for sugar and ethanol
analysis include a Waters HPLC fitted with a column for sugars and organic acids using an
acided water eluent, a gas chromatograph with an flame ionization detector, autoclaves, a lam-
inar flow hood for cell transfer3 and sterile manipulations, many peristaltic type sterile pumps,
water baths, magnetic stirrers, incubators, etc. A Brabender exmuler, with a four zone electri-
cally heated barrel, and temperature sensors is available for the llquifaction of starch. There is
also a Saeco pilot scale starch cooker available for research purposes. Several lab type centri-
fuges are available in our lab, &longwith one pilot scale _t centrifuge (for the separation of
insoluble solids from the various fermentation and hydrolysis solutions.

8. Matching Funds Narrative

Matching funds will be provided for this project from three sources. 1) Permeate Refining
Inc. has agreed to be a major project sponsor, providing capital, labor, and siting for a 5,000 liter
pilot plant. 2) Purdue University will provide some matching funds in terms of cost share for Dr.
Okos's salary, and 3) the fabricator for the pilot scale has agreed to provide project input in
terms of design (CAD) and eliminating their profit mark-up on the unit. These inputs will be
documented by April I. as per MPBC requirements. It is estimated preliminarily that these
inputs will be at approximately $150,000.
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Lactic Acid Production from Lactose by LactobacUlus bulgaricus

C.N. Burgos, M.C. Dale, M.R. Okos, and P.C. Wankat

Introduction:

The production of various chemicals utilizing renewable resources such as whey

lactose is becoming more important A number of anaerobes or facultative anaerobes

ferment lactose to ethanol, lactate and acetate. Kinetics of growth and lactic acid

production by L. helviticus (Roy et al, 1987) and L. delbrueckii (Leudeldng and Piret,

1959) have been reported. Yabannavar and Wang (1987) have established the effect of

disassociated and undissociated lactic acid on the specific growth rate. Anaerobic bacteria

use the Emden-Meyerhoff pathway (EMP) for converting lactose to pyruvate. Lactose is

converted to glucose and galactose with the help of the enzyme beta -galactosidase. The

effect of pH on the activity of this enzyme has been determined, and the initial step of

lactose metabolism is thought to be rate limiting (Shah and Jelen,1990). Beta-

galactosidase has a very low activity below pH 4 and has optimum activity around pH 5.5.

The effect of pH on the growth of Lactobacillus delbrueckii by the conversion of glucose

to lactic acid was shown by Yabannavar and Wang (1987). A similar study is performed

for L. bulgarwus utilizing lactose for growth in this study. Substrate inhibition has also

been included as a factor in growth and lactic acid productivity.

In this paper detailed batch kinetics for the growth of Lactobacillus bulgaricus,

including the effect of pH, substrate and lactate are presented. The effect of pH on the

fermentation is assumed to follow enzyme beta-galactosidase kinetics. Keller and

Gerhardt (1975) have studied the performance of continuous fermentation at pH 5.6. They

determined that three stages are sufficient for complete utilization of sugar, and they

operated the continuous system for more than 40 days. In this paper continuous

fermentation in CSTR mode has been modelled for Lactobacillus bulgaricus. The effect



of pH andsubstrateon the continuous fermentationwas determined.Thenumberof stages

requiredfor complete utilization of lactose was also determined.

Materials and Method:

The Lactobacillus bulgaricus NRRL B-548 was obtained from the United States

Department of Agriculture (Peoria). The MRS growth medium contained bactopeptone

10g/L, bactoyeast extract 5 g/L, bactomalt extract 10 g/L, dipotassium phosphate 2 g/L,

sodium acetate 5g/L, magnesium sulphate 0.1 g/L, manganese sulphate 0.05 g/L and

varyinglactose concentration of 20-100 g/L. 250 rrdbatch experimentswere carried out

in 400 ml flasks and shaken at 200 rpm in a Aquatherm water bath shaker at a

temperatureof 45 °C. Samples of 0.5 ml of the broth were pipetted out for analysisand

pH was checked every fifteen minutes, pH was controlled by the addition of 2N

ammonium hydroxide. The fermentation chamber was not aerated. Another batch

experiment at initial pH 6 and initial pH 6 and initial lactose concentrationof 50 g/L was

run with no pH control, pH was measuredover the course of the fermentation.

I

To measure cell growth a Turner spectrophotometer model 350 was used at 660 nm.

It was found that 10D unit corresponds to 0.54 g/L of cell mass. The samples were

diluted to keep the OD measurements in the linearrange from zero to 0.30D. Lactose

and lactic acid concentrations were determined by using an HPLC, installed with a

column for carbohydrateanalysis(Bio-Rad, AminaxFIPX-87H).

Experimental Results:

Several experiments were n,_rformed in a batch reactor. As specified in previous

works, there are several factors involved in increasing the productivity. Some of them

were studied in detail. A set of experiments was run with no pH control. In these

experiments growth inhibition was observed. We proposed that this is due to a pH



decrease as lactic acid was formed. There is a need of determine the optimum pH

conditions and run future experiments under well controlled pH conditions.

These experiments were performed and very good yields were obtained. The growth

yield of Lactobacillus bulgaricus was increase three fold compared with the no pH-

control experiments. The conversion of lactose to lactic acid was very efficient. About a

90% of the initial lactose was convened to lactic acid under this conditions. Using this

microorganism an homolactic fermentation occurs and the presence of any by-product

was not detected using HPLC techniques. No CO2 was produced during this

fermentation. In addition high concentrations of lactic acid were obtained (65 g/L). Figure

# 1 illustrates these results.
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Conclusions:

Experimentalresultson the batch fermentationof Lactobacillus Bulgaricus in lactose

medium were presented. The fermentationtime increases considerably with substrate

concentrationsmore than 60 g/L. At this concentrationsis also observed that the initial

specificgrowthrate is low due to substrateinhibition.There is a considerablyincreasein

lactic acid productivityfor pH-controlbatch fermentations as comparedto the ones with

no pH-control. In additionhigh concentrationsof lactic acid were obtained(65 g/L)

alongwith a highefficiencyin lactose uptake.
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OBJECTIVES

The objective of this study is to develop a continuous process with immobilized plant

cells enhancing secondary metabollte production. Overall goat of this study will show the

immobilization of plant cells can enhance the secondary metabolite production. The major

problem associated with immobilization is the release of secondary metabolite from cells.

Using permeabilization reagent, this problem can be solved. Also el/citation technique is

used to enhance the production of phytoalexin, a typical secondary metabolite from plant

cells. ContinuoUs process to produce secondary metabol/te from plant cell can give a com-

merciat production of useful product from plant cells.

A model system is being studied for the production of sesquiterpene aldehydes, hemi-

gossypol and related derivatives, from cotton cell, Gossyplum arboreum. To reach major

goal, four different researches have been done or will be performed. Cotton cell culture was

characterized in terms of growth and production relationship and phytoalexin production.

The effects of permeabilization using Dimethyl sulfoxide (DMSO) have been studied to find

out optimal time and DMSO level for effective perme_bilization. Mass transfer model will

be proposed to explain the mechanism of permeabilization. The effects of elicitation using

culture broth of V. dahliae has been examined to investigate the mechanism of elicitation and

find the optima/elicitor concentration. Kinetic study will be performed to explain the effect

of elicitation on growth and production of phytoalexin. Batch cultures with immobilized

plant cells have been performed to compare with suspension culture and study stability of

immobilization process, A packed bed reactor will be designed to perform continuous pro-

cess with enhanced sesquiterpene aldehyde production. Immobilized cell reactors will be

packed with spirally wounded terry cotton and stainless steel spacer which can support the

shape. Bioreactor operation will be performed by changing flow rate to determine the m/hi-



mum flow rate for operation, and by cyclic treatment of DM$O and elicitor to _ze the

detrimental effect. A production model will be proposed to explain the operation of packed

bed reactor combining the effect of permeabilization and elicitacion. More deudled descrip-

tion is summarized in followings;

* MainObjective

Develop a continuous process with immobilized O. arboreum cells to enhance secondary

metabolite, gossypol, production.

S4

* Model System

Production of gossypol related compounds from G. arboreum

_ * Subobjectives

Characterization of G. arboreum

Permeabilizccellstoreleasegossypol

Enhance phytoalexin, gossypol, production by elicitation using culture broth of V.
dahliae

Build, operate, and model immobilized cell reactors with enhanced gossypol production.



PRELIMINARY RESULTS AND FUTURE WORKS

Enhancement of secondary metabolite production can be achieved by immobilization and

eUcitafion. However, a continuous _ocess with immobilization needs product release from

cell. In order to establish a continuous process which produce the secondary metabolite, it is

needed to characterize the factors which influence the secondary product formation. Four

different approaches have been tried including the characterization of G. arboreum, the

permeabilizafion of product from cells, the elicitation of phytoalexin, and the immobiliza-

tion processes. Preliminary results were focused on batch cultures to study the character-

ization of G. arboreum, the effects of DMSO on permeability of the cells, the effects of

elicitors on enhanced production of phytoalexins, and the effects of immobilization. Furore

works will be focused on the modeling and the reactor operation. The effects of permeabili-

ration and elicitafion will be modeled and these models finally will be combined to explain the

secondary metabolite production in packed bed reactor.

1. Characterization of G. arboreum

The growth conditions for various species of cotton cells, including G. arboreum, have

been reviewed in 'Characterization of cotton cell' section in literauu_ review. Since defining

growth conditions for G. arboreum cells is not an objective of this study, general growth con-

ditions has been selected from review. All experiments and maintenance of ceils were

performed in dark room because illumination can result adverse effect on gossypol production

for G. arboreum cells. Sucrose is selected as a carbon source due to its versatility for both

growth and production. Linsmier-Skoog medium with NAA and 2,4-D is recommended for G.

arboreum cells.

The growth and production characteristics is important in order to develop a kinetic rood-



els for grow_ and production. Figure 2-4 shows a typical growth and production pattern of G.

arboreum cultivated in 30 g/1 sucrose medium in terms of dry weight and specific production

of gossypol, respectively. From this figure, gossypol production from G. arboreum cells oc-

curred only after growth had slowed or ceased in batch operation. Although it can not be said

as strict non-growth associated pattern since production is somewhat related to growth, major

increase in production is in late growth phase or stadonary phase. The production in early

phase can be explained by the non synchronized nature of cells. There might be some portion

of old cells in that phase and production can caused by the old cells. Although growth pro-

duction pattern is not strictly non-growth associated pattern, immobilization technique is still

recommendable since its slow growth rate and nature of decouple of growth and production

mechanisms.

A range of sugar concentrations was tested to determine optimum concentration of su-

crose for later experiments. Figure 2-5 a,b show the effect of different sucrose concentrations.

During initial growth phase, phyzoalexin accumulation shows a kind of gradient in terms of

different sucrose concentration. It is thought that cells respond to higher sucrose concentration

as a stress during early phase of growth and/or lag phase when cells are adopting those condi-

tions to environments. From Figure 2-5 a, the optimal phywalexin production is ob_ued from

30 g/l sucrose concentration. Batch culture of G. arboreum ceUs shows different growth when

different initial concentration of sucrose is added in the medium (Fig. 2-5 b). At low concen-

tration of sucrose (10 _j1, 20 g/l), it seems no lag phase is observed while long lag period is

• observed in 50 g/l sucrose. This result suggests growth is carbon limited and Monod equation

can be applied for kinetic study. The relationship for _he specific growth ram is ;

_t S
= ....m__._._ (2-1)

(S+K)
$

The two constants in the equation, _ and K, can easily be determined from expcri-
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mental data by plotting the reverse of the specific growth rate vs. the inverse of substrate

concentration (Lineweaver-Burk plot).

Leudeking-Piret kinetics has proved extremely useful and versatile in fitting product for-

marion data from many different fermentations. This equation combines growth-associated

and non-growth associated contributions:

dP/dt = ot dX/dt + _X (2-2)

If we assume that phytoalexin formation is dependent only secondary metabolite pathway,

it can be considered as non-growth associated type production. Therefore above equation can

be reduced to dP/dt= _X in which the production is only dependent upon cell mass. This

productionequationwillbe usedinthekineticstudyofelicitationandmodelingoftubular

reactor.

2. Batch experiments for permeabilizing reagent.

A continuous process with immobilized plant cells needs product release out of the ceil.

However, secondary products are often stored in the vacuole of the plant ceUs. In order to solve

this problem, permeabilizafion with chemical solvent has been considered. Effect of perme-

abilizing reagent, Dimethylsulfoxide (DMSO) has been investigated in suspension cell

cultures of G. arboreum. These cells naturally release sesquiterpene aldehyde but the rate is

slow and it may be due to membrane disruption cause by cell death. Thus, the application of a

permeabilizing agent is recommended to promote rapid product release for a continuous

process.

Works todate

The effectofDMSO concentrationon thepermeabilityofG.arboreumcellswasinvesti-

gatedwithvariousconcentrationofDMSO (0,I,3,5,10,15,20,and30v/v%) for30rain.



Permeabilization is expressed by a ratio of released amount of gossypol related substance and

total amount in control suspension culture which contained 7800 ug/l of sesquiterpene

aldehyde. It is of importance to determine optimal concenmltion of permeabilizing reagent,

i.e., the mildest conditions for maximal effect, since it can be expected that the viability of the

treated cells is highly influenced by the DMSO concentration used. DMSO treatment of G.

arboreum cells enhanced release of intracellular sesquiterpene aldehyde as shown in Figure

2-6. Slight permeabilization is seen with low concentrations (I, 3%) but greater than 5 % is

needed for significant permeabilization of the whole cell. Release increases with increasing

levels of DMSO, but viability of treated cell is dramatically decrease with over 10% DMSO.

In order to determine the optimal time for permeabilizafion, ceUs of G. arboreum were

treated with same various concentrations of DMSO for various periods of time with subse-

quent measuring of gossypol related substances. Relative permeabilization was measured by

same calculation. Figure 2-7 shows a distribution of relative penneabilization as a function of

time. The rate of release is slowed after 30 minutes to on hour, taking in excess of 6 hours to

reach about 70% permeabilization as 5% of DMSO _eated. Also, permeabilization is not
/

completed even after exposure of the ceils for ten hour to DMSO levels causing near maximal

permeabilization. It might be due to diffusional limitation of treated cell membrane and/or

seems to be involved a slow dissociation of sesquiterpene aldehyde. Since the physiological

mechanisms involved in product _nspor_ and storage in cotton cell culture is not well under-

stood, it is difficult to study the dissociation of sesquiterpene aldehyde from the vacuole.

Thereforepermeabilizationprocessshouldbeconsideredasa functionofdiffusionalprocess

throughalteredmembranes.

Figure2-8showstheeffectsofDMSO concentrationandtimeonviability.G.arboreum

cellscannottoleratetreatmentwithover10% DMSO losingmorethan75% activityinone

hour.On theotherhand,viabilityofcellscanberetainedwithup to5% treatment.Viabilities



Fig.2-6. Relative permeability as a function of DMSO concentration
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Fig. 2-7 relativepermeabfldyas a functionof time
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on 1 and 3% level keep at least 70% of activities duringexperimental period, Viability of cells

treated with 5% DMSO shows gradual decrease for one hour, then seems to retain 40%

activity. In the case of low concentration of DMSO treatment, it appears possible to perme-

abillze the plant cells while preserving viability. From above results, the lowest concentration

of DMSO required for significant permeabilizafion can easily be assumed as a range between

3% and 5%. Also, optimal time for adequate permeabilization for G. arbreum cell can be

estimated as one to six hour to reach over 70 %release.

In order to test continuous feeding of DMSO for continuous processing, a long term batch

culture was performed in the presence of permeabilizing reagent. DM$O levels are adjusted to

I, 2, 5, 10% considering detrimental effect on the cell during cultivation period. It appears

possible to pcrmeabilize the plant cells while preserving viability. Figure 2-9 shows that

DMSO treatment of G. arboreum cells enhanced the release of gossypol related compound

about 12 times. The most efficient release of gossypol was performed at the concentration of 5

% DMSO for long-term experiment. Release increased with higher level of DMSO, but via-

bilicy in this levels was not retained at first time even though it has been restored gradually

after 6 days ( Figm'c 2-12). Figure 2-10 shows the relationship between growth and DMSO

concentration. The long lag period observed for the cells treated with over 5%. It may be either

due to survival of only a few cells or to slow recovery of the treated ceils. Intracellular gossy-

pol were not fully released at the levels of 1% and 2 % of DMSO (Fig. 2-I I). It might be due

to poor configurational changes on membranes. Figure 2-12 shows the relationship between

theviabilityandDMSO concentration.Viabilitywaswellretainedat lowconcentration(1,2%)

ofDMSO for20daysbatchculture,butplantcellswereinactiveathighconcentrationinthree

days.Viabilityofplantcellswerepartlyrestoredattheconcentrationof5%, whileviability

wasnotdetectedattheconcentrationofI0% DMSO.

Permeabilizationofplantcellshasbeentestedinthisexperiment.From thisexperiment,
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Fig. 2-10. Effect ofDMSO concenu-adononcell growth
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we can apply this technique to immobilized plant cells. Quantitative release of products is

possible under conditions where the viability of the cells is not affected to any great extenL A

continuous proc _ss based on release of products can be developed. Also above results suggest

that it would be possible to release inwacellular products by permeabllization.

3. Batch experiments for eflcltor.

A number of plant products, i.e. the phytoalexins and related compounds, have an_ungal

or antibacterial properties and areproduced in response to pathogens. Their synthesis is known

to be triggered by specific elicitor molecules and this system is active in cell cultures as well

as in intact plants. The mechanisms of elicitor recognition by the plant cell are still not revealed

completely, but it is assumed as the induction of formation of the defense metabolites.

in this batch experiment, _mapplication of elicitor has been studied _o enhance the

productivity. Elicitor has been prepared from the wilt-producing fungi, VerrlciUium dahliae,

strain 277 (non-virulent to cotton). Verricillium dahliae strain 277 was chosen as fungal elic-

itor due to its broad host range as well as its low virulence to cotton ceils (207). Typical elicitor

preparation contained approximately 170 _tgprotein/ml. In this experiment, A range of 5.6 x
-4 -3

10 to 5.6 x I0 g/l concentrations of elicitors from V. dahliae were added to 15 ml G. ar-

boreum cell suspension culture medium. Figure 2-13 shows the time course experiment of

specific gossypol production with medium containing different levels of elicitors. Optimum
-4

specific production was obtained with elicitor concentration of 8.5 x 10 for the period of 25
-3

days. Howevei', treatment of 5.6 x 10 g/1 elicitor concentration showed a decreased sesquit-

erpen¢ aldehyde formation compared with other concentrations. The decreased rated might

imply degradation of cell viabiliW and/or cell lysis caused by toxic effect of high elicitor con-

centration (207). The specific production has been increased in any case of elicitor treatment

15 folds to 40 folds. Figure 2-14 shows the effect of different elicitor concentrations on G.
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Fig. 2-13. Effect of elicitorconcentrationon gossypol production
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Fig. 2-14. Effect of elicitor concentration on growth
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arboreum growth. Addition of elicitor to G. arboreum cell suspension cultures cause a de-

creased ceU growth in all concentration observed. When higher concentrations of elicitor ( 5.6
-3 -3

x 10 and 3.4 x 10 g/l) was applied, cell growth was very slow during experimental period.

Cell growth was inhibited even in low concentrations of elicitor. In the treatment of 8.5 x 10

g/1 elicitor concentration, long lag phase was observed and active growth begun after 19 days

when the specific productivity of sesquiterpene aldehyde started decreasing. This result sug-

gests that sesquiterpene aldehyde formation by elicitation induces reduction of growth and its

pattern is non-growth associated type.

4. Experiments with immobilized plant cells

Works todate

Majorproblemsassociatedwithsecondarymetabolitcformationby plantcellsarethe

slowmetabolicrateandthelowproductyieldofcells.Anotherfactorthatpresentsproblems

inusingplantcellson a largescaleistheirsensitivitytoshear.To solvetheseproblems,

immobilizationofplantcellisconsidered.Basedonreview,adsorptionmethodpresentscer-

tainadvantagesovertheexistingimmobilizationtechnologybygelentrapment.Thisprocess

issimpleandnotstressfulforthefragileplantcells.Itremainsefficientlytheinoculumandthe

growingbiomassevenathighmixingrates.Itprovidesforawellseparatedtwophasesystem

witheasiercontroloverthehydrodynamicsoftheculturesystem.

i.Stabilityofimmobilization

Them aretwo mechanismwhichaffectadsorptionimmobilizationprocess.Sincethefi-

brousnatureofthesubstratum,passiveentrapmentofcellsby thefibrousmaterialprobably

functionsinimmobilizingasubstantial_u,._rnbcrofcells.Plantcellsimmobilizedonthesurface



of selected materials shows very close contact with the support surface and partly adapt their

shape to the microconfiguration of the surface. At the contact area between the cell wall and

the support material, cell wall is flattened at contact area indicating a secretion of a compound

that might be acting as a gap f'fllerand/or gluing agent (72). Another mechanism is adhesion.

Adhesion of suspension cultured plant cells to substratum plays a fundamental role in the im-

mobilization process. The immobilization efficiency generally increased with increasing

surface tension of the substratum. The high surface tension substra can allow for greater initial

cell loading and adherent-cell density than the low surface tension substrata. The greater den-

sity of the adherent cells implies that more cells are immobilized by the adhesion process (77).

Immobilization efficiency is defined as the capacity of the subswamm to retain plant cells

in the immobilized state measured as the percentage of immobilized cells versus the total bio-

mass (i.e., immobilized and freely suspended cells) in the culun'e system. In order to test the

immobilization efficiency, the loading capacity and time course experiments were performed

using the cotton cloth.

Loading capacity was examined by inoculating a range of inoculum densities and col-

lected after 4 days. For shake flask experiments a 2 x 2 cm square piece of the cotton cloth was

weighed and sterilized together with SO mL of fresh culture medium in 230 mL Erlenmeyer

flasks with gyratory shaking at 115 rpm. Figure 2-Ifi shows the percentage of cells immobi-

lized as a function of the inoculum biomass after 4 days incubation. More than 60 % of the

cells were immobilized when 3 g fresh weight or less of cells were inoculated. When the

inoculum contained 5 g fresh weight of cells, approximately 35 % were immobilized while the

percentage immobilized decreased to less than 2S % when inoculum size increased. It seems

immobil/zation process on cotton fiber is largely dependent upon entrapment of cells due to

weak surface tension of cotton fiber. Kamath and D'Souza (238) suggested polyethylerdmine

(PEI) treatment to improve adhesion of cells to cloth. Adhesion of ureolytic bacterial cells on



cotton cloth was increased from 0.2 activity units to 30.4 with u-eatrnentof PEI to cells in

relatively short time (2 hrs). However, toxicity of PEI to plant cell is not known and plant cells

can adhere to cotton cloth secreting sticky polysaccharides from cell wall.

In order to find gentle method for plant cell immobilization loading capacity experiment

was also preformed by inoculating a range of inoculum densities onto spiral wound type con-

figuration (Fig. 2-16). Cells were loaded on 9 x 16.5 cm cotton cloth by pouring medium

containing designed amount of cells, then wounded with spacer. After 4 day incubation in 250

ml beaker, immobilization capacity were examined by measuring dry weight of each unit. G.

arboreum cells were immobilized over 90 % on the cotton cloth with spacer over a range

tested. It appeared that this type of configuration retains the cells between cotton cloth and

spacer not only by adhesion mechanism but also providing "filter effect" on relatively larger

plant cells.

Time course experiments were performed in triplicate for free cell suspensions and im-

mobilized cultures collected 3 day interval during 20-day growth cycle. In shake flask

experiments, the immobilized cells were prepared with 9 g fresh weight inoculum on three 2 x

2 cm cotton cloth for 7 days. Immobilized G. arboreLua cells was inoculated in 100 ml medium

in 250 ml Erlenmeyer flasks with approximately 1.26 g dry cell/1. To compare with suspension

culture, suspension cultures contained no cotton cloth were also cultivated as 100 mL cultures

in 230 rnL flasks. The effect of immobilizing cultured G. arborew'n cells using a cotton cloth

on growth is shown in Figure 2-17 which shows dry weight. Over 20 days examined, the

immobilizedcellsgrowataslowerratethanthesuspensionculturedcells.Suspensioncultures

reachedthestationaryphaseafterapproximately13days.The immobilizedculturesappeared

tobeinslowlydeceleratingg_wth phasefortheentire21daysbutcontinuedtoincreasein

masstotheendoftheperiod.Thisresultcanbeexplainedeitherasa massu'ansferlimitation

ofessentialnutrientsanddissolvedoxygentothecells,orthepackedenvironmentwhichcan



Fig.2-15.Loadingcapacityoncottonclothasafunctionofinoculumsiz_
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Fig. 2-16.Loadingcapacityon siralwoundtype configurationas a functionof inoculumsize
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Fig.2-17.Time coursestudyofimmobilizationeff,cicncy
9

' 25
15

0 5 I0
time (day)

_4,_free su_ension cultm'_ cell -._ immobilizexl cell
t

i



limit celldivisionand growth.

2.Possibilityofcontinuousculture-differentialreactor

Due toitsslowgrowthrate(doublingtimeis3 -4 days),itisneededtodesignamethod

which allows fast experiments such as small scale differential reactor. The differential reactor

is normally used to determine the rate of reaction as a function of concentration. It consists

of a tube containing a small amount of catalyst. Because of the small amount of cell loading

compare to packed bed reactor, the conversion of substrate in the bed is small, as is the

change in substrate concentration through the bed. As a result, the substrate concentration

through the reactor is essentially constant and approximately equal to the inlet concentration.

So the reactor is considered to be gradiendess, and the design equation will be similar to the

CSTR design equation ( _t = D). A material balance of substrate is

substrate accumulation = substrate feed - growth - product synthesis- substrate removal

dS/dt --FiSo/V"_ Yx/,"qpX/Yp/,-FoS/V (2-I0)

At steadystatedS/dt= 0,D =F/V andassumeproductsynthesisisproportionaltocell

weight(assumenon-growthassociatedproductsynthesis_= I/xdP/dt,wheredP/dt= _X'),

theequationis

D(So- S)= pX/YTa' + _X_p/' (2-11)

In order to relate X and S to the dilution rate, a model expressing the growth rate as a

function of limiting nutrient is required. Monod model is recommendable for sugar limiting

system. For continuous culture equation specific growth rate is substitute by dilution rate.

D = DcS/(Ks + S) (2-12)

where De is critical dilution rate representing maximum dilution rote. Solving this

equation for S as a function of D yields an equation for the steady state concentration of the

limiting nutrient



S = DKs/(De -D) (2-13)

Substitutionofthisequationintoequation providesanexpressionrelatingthesteady

state cell concentration to the dilution rate

(So-DKs/(Dc-D))Y Y
X = '#'-_'-/'- (2-14)

(DY,+ Yj)

Differentialreactorhasbeensetup andrunfor45daysusing30g wetweightofplant

cellsasa typeoftubularreactorwithworkingvolumeof27.5ml.Duringthisperiodthepos-

sibilityofcontinuousculturewastested.Immobilizedcellswereremovedinordertomeasure

cellweightandviabilitywhen flowratechanged.Figure2-18showsa timecourseexperi-

ment with differentfeedrate.Viabilitywas wellmaintainedduringtheperiodof

experiments.Immobilizedcellsinthereactorglowslowly.Althoughproductionofphytoa-

lexinisnot stable,figureshows increasedproductioncompared withbatchculture(

approximately6 -I0_tggossypol/gdryweightcell/I/dayforexternaland65-80forinternal

productivity).Sincephytoalexinproductioninthisexperimentbasedon externalformation,

theproductivitymightbeincreasedwithcombinedpcrmeabilizationandelicitadon.



Fig. 2-18. Reactor operation changing flow rate.
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SUMMARY OF FUTURE WORK

Study Permeabilizafion
1. preu'caumentof cells with low concenu'ation of DMSO
2. possible mass transfer model
Studyelicimtion
3.possibleratekinetics

StudyImmobilizedcellsystem
4.experimentwithimmobilizedcellreactor

a. findoptimumoperatiott regime
b. cyclic treatment of DMSO
c. cyclic treatment of elicitor

5. modeling of packed bed reactor
production mode_, in tubular reactor combining permeabilization, elicitation.
dP/dt ffif(v,elicitor,DMSO)

I.preueatmentofcellswithlowconcentrationsofDMSO

AlthoughcellstreatedwithDMSO showsgrowth,viabilityisnotwellretainedover5 %

DMSO. To avoidharmfulconditions,continuouspermeabilizationofpreconditionedcellhas

beensuggestedbyPark(237).When Coleusblwneicellswerepreconditionedat0.1% DMSO,
-.,

theycouldmain_tai_highviabilityunderhigherDMSO concentrationsof0.5%,1.0%,and1.5

% atwhichnonpreconditionedcellsdied.Thisprocessmightloosencellwalland plasma

membraneofplantcellsinsome extentwhichhaveno effectsoncellviability.Innextexper-

iment,thistechniquewillbe testedtoG. arboreumcells.Ifpretreatedcellscan secrete

secondarymetabolitemorethanuntreatedcellswhilemaintainviability,thistechniquewillbe

• appliedtoimmobilizedcellsandreactoroperation.

2.possiblemasstransfermodelforpermeabilization

Releaseofsecondarymetaboliteismainlydependentupondiffusionthroughmembranes.

ItisthoughtthatDMSO treatmentresultsinsubstitutionofboundwaterfromthecellular



structure and reversible alterations in protein structure on cell membrane. This mechanism

causes alteration of permeability of cell wall and/or plasma mebrane. Thus, this process affect

to the mass transport from the cell to the bulk solution and diffusion coefficient will be a

function of DMSO concentration. The flux NA, inner and bulk concemrations can be consid-

ered as a function of time. Assuming that shape of plant cell is sphere, diffusion of sesquiter-

pene aldehyde through cell membrane including generation term can be expressed by

following equation.

_ 2 dCA(t)
N A(t)-- -4Er D a dr (2-3)

where N AiskgmolesofA diffusingpersecondorkgreel/s,Ddfisdiffusioncoefficient

throughmembrane,andCA(t)issesquiterpenealdehydeconcentrationasa functionoftime.

Rearranging and integrating between inner membrane radius, r, and outer membrane radius,
1

r,
o

-4=D (CA_(0-C )
N -- df " Ao(t) (2-4)
A (I/r.-1/r )

I 0

where CAi(t)and CAo(t)axeinU'aceUularandbulkphasesesquiterpenealdehydeconcen-

n'ationasafunctionofdine,respectively.Assumingperfectmixing,lumpedanalysiscanbe

appliedtothisstudy.

dC (t)

" NA(t)_= V ._A.. (2-5)
dt

where V represents volume of bulk phase. Combining equations 2-4 and 2-5 gives fol-

lowing equation.



dt V ( 1/r.- 1/r )
1 O

= KDa ( CAi(t)- C^,(0 )

where K --.4x/( 1/r i - 1/r )V. dCA(t)/dt will be calculated by either initial slope of curve

or differentiation of fitted curve. CAi(t) and C,(t) will be obtained from experimental data.

This study will give Deft value as a function of different concentrations of DMSO.

3. possible rate kinetics for elieitation

G. arboreum growth was inhibited by addition of elicitor in culture medium. Inhibition

mechanism is not well understood. However, it is generally suggested that elicitation can cause

a alteration of gene expression which cause a shift from primary metabolism to secondary

metabolism (109). Also it is thought elicitation can cause a degradation of cell viability and/or

cell lysis in the presence high concentration of fungal elicitor (207). Based on these concepts,

a kinetic study of inhibition on G. arboreum cell growth will be proposed. One possible inhi-

bition model is based on noncompetitive inhibition. In this type of inhibition, the inhibitor bind

with enzyme and substrate randomly, reversibly, and independently at differem sites. It sug-

gest noncompetitiv,_ "inhibition can explain both alteration of gene expression and degradation.

Simple competitive inhibition model is as follows:

_t S K
_t = =ix 'm (2-7)

(S+K) If +Es Ei

where E is elicitor concentration and Km is inhibition constant. This model will be tested

by experimental data. If this model will not fit to experimental data, a semi-mechanistic model

will be suggested by correcting mechanistic model, for example, adding an exponential cor-

rection term.



In cotton cells, phytoalexin production does not occur or very little without the presence

ofelicitor.As mentionedabove,elicitortreatmentcancauseadramaticincreaseofphytoalexin

productionalteringthegeneexpressionand/orinducingenzymesrelatedtosecondarymeta-

bolicpathway.Therefore,we canhaveaninsightthatphytoalexinproductionisafunctionof

elicitorconcenwation.The phytoalexinproductioncanbeexpressedasazeroorderreactionin

equation2-2(dP/dt= [3X ).For suchreactionstheconstant[3isexpressedasafunctionof

elicitorconcentrationasfollows

-F.a/E

= • (2-8)

where_oisaproductionconstantwithoutelicitor,andEa istheactivationconstantofthe

reaction.By plottinglog[3againstl/E,-Eacanbeobtainedasaslope.Combiningequation2-8

toequation2-2,aproductionmodelisproposedasfollows:

-Ea/E
dP/dt- [5e X (2-9)

O

4. experiment with immobilized cell reactor

a. optimal operation regime

A schematic diagram of the tubular type reactor is _hown in Figure 2-19. The column

will be set in constant temperature chamber controlled by heating or cooling fan. Medium

will be supplied by peristaltic pump. Air will be sparged into medium reservoir. Several

sampling ports will be located on the reactor wall. Cell will be immobilized onto cotton cloth

then spirally wounded with stainless steel spacer.

The optimal operation regime will be tesu_d by changing flow rate of medium and initial

concemrations of permeab_ation reagent and elicitor. From batch cultures, DMSO con-
-3 -4

cenu'ations from 2 - 5 %, elicitor concenu'ations from 1.7 x 10 to 5.6 x 10 g elicitor

protein/1 was approximately defined as optimal region for operation. Based on this result,



| I i

optimal operation regime concerned with DMSO concentration and elicitor concentration

will be defined.

Regime analysis is possible in a number of ways. In tubular reactor operation, feed rate

is a quantity that can generally be varied easily. If this results in an increased conversion rate,

then transport processes are important. An experiment will be performed to determine the

effect of changing feed rate on production of sesquiterpene aldehyde.

b. cyclic treatment of DMSO

From long term experiment with presence of DMSO (Fig. 2-12), viability of cells is shown

to be improved after 6 days and restored approximately 50 % in 14 days. This result suggests

that it would be possible to intermittently release intmcellular products by permeabilization of

the immobilized cells with using the minimal concentration of DMSO required for viability. If

optimal concentration of permeabilization reagent for pretreatment can be established, the re-

peated permeabilization of cells can be performed by the cyclic treatment. The cycle can

involve three phases such as production phase, permeabilization period, andrestoration phase.

Secondary metabolite produced by plant cells are accumulated in vacuole in production phase.

After production phase, products are released by permeabilization in short period. Followed by

permeabilization period, plant ceUs can be restored by removing permeab'flization reagent in

the restoration phase. This process may also repeated several times. Experiments will include

the examination of optimal period for each phase, the comparison of pretreated system with

untreated system. This kind of technique will be useful foi"practical operation of bioreactor

with permeabilization.

c. cyclic treatment of elicitor

Plant cells not only synthesize phytoalexins but also catabolize phytoalexins. This is nat-



ural mechanism because phytoalexins are also toxic to the plants that synthesize them. There-

fore, if elicitors are applied once in a experiment in order to reduce the detrimental effects on

cell viability caused by the presence of elicitor in the medium, the effect of elicitor on phy-

toalexin production is reduced after several generations. To rn]nlrnize the detrimental effect

and m_imize the secondary metabolite production, cyclic treatment of elicitor will be con-

sidered in this study. Elicited G. arboreum cells can initiate sesquiterpene aldehyde formation

even after removing elicitor from culture medium (207). This suggest that finding of adequate

contact interval can reduce the detrimen_ effect of fungal elicitor. This kind of technique is

rather practical than theoretical. In this experiment, elicitors will be pumped into immobilized

cell reactor intermittently and contacted with immobilized cells for certain period to trigger the

phytoalexin synthesis, then removed with continuous feeding of medium. Similar to cyclic

treatment of DMSO, experiments will define the optimal contact time of elicitor and immobi-

lized plantcells.Viabilityandproductivityofcellsinthisprocesswillbecomparedwiththose

ofcontinuousmedium feedingsystem.

5.modelingoftubularreactor

Plantcellsattachedtoa solidsupportina tubularreactorcan be consideredas a

biocatalyst.Mass balancesforcell,substrateforaplugflowheterogeneousreactoratsteady

statecanbe writtenas;

v dX/dx= A/V r (2-15)
X

v dS/dx= AN r (2-16)
$

wherev isthefluidlinearvelocity,V/A isthesurfacetovolumeratioofthepackingin

thereactor,adnristhereactionrateperunitarea.Thesebalancesarebasedontheassump-

tionsofconstantdensityfluid,no axialdispersion,steadystate,andreactionoccursonlyon

surfaceofthepacking.From batchmodeling,r canbe substitutedby equation2-7which
X



explains noncompetitive inhibition of elicitor.

Mass transfer is a function of the support configuration and of the medium flow

hydrodynamics in adsorption based immobilization. Although packed bed reactor will be

designed with sufficient contact areas, mass transfer might be a problem in operation of

bioreactor. When fluid moves through a large pipe or channel, it may approximate plug flow,

which that there is no variation of axial velocity over the cross section. If we assume that

plug flow prevails in the system, we can formulate the mass balance on the plug flow reactor

easily using the differential section approach. A mass balance for product for a tubular

reactor with dispersion system is given by;

2
dP

v dP/dx = V/A r - D a----_ (2-17)P

with boundary conditions of PI =P dP/dxlx=L=0.x=O O'

r andis defined in equation 2-9 as a function of elicitor concentration. D_ is alsop

explained as a function of DMSO concentration, i.e., Dca (8), where 8 is concentration of

DMSO. Substituting equation 2-9 and D_f(8), equation 2-17 gives
2

._ d P

v dP/dx = V/A [3 • X- D a(8) .... 2 (2-18)
° dx
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Milestone 3.5

Production of Acetic Acid in an Immobilized Cell Reactor

Introduction

Acetic acid, or vinegar, is produced in either submerged cultm'e using an aerated tank, or by
surface culture, traditionally using beechwood shavings, with the broth circulated over a bed of
the shavings, and air introduced to the bottom of the bed. In this project, we attempted to
improve on the surface culture type reactor, using a fibrous absorbant material to adsorb the
acetobactor, and spacing the aborbant material about 8 mm using a plastic spacer mesh, through
which air was passed. The intent was to produce a 'plug flow' type reactor where the inlet sub-
strafe ethanol was conver_ed to acetic acid in a single pass.

Methods

A 80 c_n long by 7 cm ID glass column was packed with spiral wound terry cloth and nylon
spacer mesh. The liquid hold-up of the pack portion of the reactor (70 cm) was about 400 ml, or
an liquid fraction of 0.15 as determined by weighing the column dry and after saturating the
cloth. The column was see._d with an acetobactor strain A. aceti # 65, received from NRRL
culture colection. Sterile air was introduced to a feed-air humidifier bottle, to eliminate drying
problems in the reactor. Air was fed to the reactor at rates of between I and 6 liters/rain (0.5 to
2.5 vvm) Feed was introduced to the feed-humidifier bottle in two streams, a concentrated
nutrient stream made up as:

40 g/l glucose
I g/l MgS04
I g/1 Na citrate
20ga (NH4)2PO4
4 g/1Peptone

Thisnutrientstreamwas thenblendedon a 1:4ratiowitha 100g/lethanolsolutionwhich
was membrane sterilized.Thissystemallowedlongterm operationwithfeedbrothonly

preparedatblongintervals.A sketchoftheappammreisshown inFigure1.

Results

The acetobactor column was run in a continuous fashion for an extended period of time.
Effluent pH and acetic acid concentrations were monitored. Initially, a 6% ethanol feed solution
was fed. As shown in Figure 2, the outlet acetic acid concentration varied from 15 to 47 g/1 dur-
ing the first two months of operation, and reached as high as 70 g/1 during the second two
months of operation (Figure 3) when the ethanol feed solution averaged 80 g/l. A flow rate of 21
ml/hr of feed was used for the first month of operation. Nutrient and feed ethanol concentrations
were varied, along with flow rates. The pH of the effluent, which is closely related to the acid
concentration is shown in Figures 4 and 5.



The acetobacter strain used: 65.

Media used atstartup: 6% E+OH
lg_ YEpep pH= 5.40
10g/1Salt so!ution
5g/Lglucose

From HPLC readings 70 g/I, of acetic acid produced, pH = 3.00. The pH of effluent remains
fairly constant through December at levels between 2.2 and 2.6.

8/11/91 A drop of acetic acid production was noticed suggested, reason: low Oxygen lev-
els. Air supply increased.

8/20/91 feed changed to: 6% E+0H by weight
lg/L Glucose
lg/L YEpcp
Salt solution

This gave a resulting drop in acetic acid production 31.4 g/L However it soon rose
to 46 g/Lagain.

9/30/91 Heat was evolved from column.

10/11/91 The column setup was modified. See diagram provided. Now getting acetic acid
production at 45 g/L.

11/4/91 Flowrate increased to 50.7 ml/b.r,pH still stable at 2.23.

12/5/91 Effluent line pinched shut. Pressure increase and it blew its top.

From the beginning of January it was given feed and left to do its own thing.

3116192 Possibleyeastcontamination.HPLC readingsaregivinga much loweraceticacid
productionalsoE+OH peaksarebeingfound.

5/18/92 Effluentexaminedundermicroscopenoyeastfound.

5/31/92 Airratechangedfrom2-41/rain.Thisresultedinmuch betteruseofE-_DH and

improvedaceticacidproduction.

To datetheacetobactercolumnhasadecreasedaceticacidproductionduetothefactthatit
was withoutfeedfor3/4daysafterapowercutalsoduetootherexperimentstakingplace.The
airratehaddecreasedfromthe4 toabout3pH atendoftestperiodis4.5.

Conclusions

The systemranwell,largleyunattendedforalmosta yearofcontinuousoperation.Acetic
acidwas producedina plugflowfashion,witha continuousoutputofup to70 g/l.Datawas



i i

taken only sporadically after the first four months of operation, but the reactor seemed to per-
form well, even af_ period of feed interuptions, air interuptions, and other mishaps. We fecl
that this system may have commercial applications, and will be looking for indusu'ial sponsors in
the next year of the project.
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In oduction

The first immobilization reses__h was made with enzymes by Nelson
and Gr_th, 1916. Then in the early seventies, afmr great developments in
the enzyme immobilization procedures, some researchers arLempmd to
immobilize cells rather than the sole enzymes, trying to avoid some
problems concerning enzyme activity and cost efficiency of the
procedures.This was the opening of a very large field of research that is szill
vivid now. Four main ways of immobilization have been investigated so far,
leading to the set up of several industrial processes.

In 1983, a research program aboutImmob'dized Cell Reactors was set up
at Purdue University. The main concern was to take advantage of wasm food
products such as cheese whey, molasses and lactose whey; aiming to recover
partially the large source of energy lying in these producm.

Dr M.Clark DALE, who was my supervisor during this waineeship, is a
Senior Research Engineer in the AgriculturalEngineering depot and is
working on the development through conversion of some agricultural by-
products - especially whey permeate and starch - in Immobilized Cell
Reactors, using different scmim of yeasts, molds and bacmria. In some
studies, simple sugars such as lactose, glucose or xylose are also used. My
project was part of these laRer studies, immobilizing an oxidative bacteria
(Gluconobacreroxydansszp.suboxydans)toproducegluconicacidfroma
glucose source.

_, i ii III I I I IIIIIIII l
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I/- Literature review

A former _ hadalreadys_,_i to work for a few weeks on this
project andhad s_r_ed a Uwranu'eresearchaboutthe previousexperimems
made on the immobilization of Gl_om_bacter suborns. He had also
collected some notes about the gluconic acid, which is the productof the
reactionexpected in the ImmobilizedCell Resctor.

Then I made further research about the bacteria and about the
immobilizationprocedures,I also foundmorearticlesaboutprevious studies
of this special abilityof Gluconobacwr suboxyda_.

A-The bacteria

The information in this paragraph are taken from "Biology of
microorganisms"- Brook andMadigan.

The Gluconobacter bacteriaarepart of a largergroupcalled acetic
acid bacteria. As originally defined the acid acetic bacteria comprised a
groupof Gram-negative,aerobic,motile rods thatcarriedout an incomplete
oxidation of alcohols, leading to the accumulationof organic acids as end
products. With ethanol as a substrate,acetic acid is produced;hence the
derivation of the commonnamefor these bacteria.Anotherpropertyis the
relativelyhightoleranceto acidic conditions,mostm-ah_being able to grow
at pH values lower than5 (Gluconobacter suboxydans actuallygrows at pH
lower than 3). This acid tolerance should of course be essential for an
organismproducinglargeamountsof acid.ThegenusnameAcetobacter was
originallyused to encompassthe whole groupof acetic acidbacteria,but it is
now clear that the acetic acid bacteria as so defined are an heterogenous
assemblage. The polarly flagellated organisms are related to the

• Pseudomonada, differingmainly in their acidtoleranceand theirinability to
carry out a complete oxidation of alcohols.These organisms are now

. classified in the genus Gluconobacter. All acetic acid bacteria group
phyllogeneticaUywith the purplebacteria.

The genus Acetobacter comprises the peritrichously flagellated
organisms;these have no definiterelationshipto otherGram-negativerods.
In addition to flagellation,Acetobacter differsfromGluconobacter in being
able to furtheroxidize the acetic acid it forms to CO2. This difference in
ability to oxidize acetic acid is related to the presenceof a complete citric
acid cycle. Gluconobacter, which lacksa completecitricacidcycle, is



unable to oxidize acetic acid, whereasAc_tohacter which has all enzylnes of
the cycle, can oxidize it. Because of these differences in oxidative potential,
Acetobacter genus bacteria are sometimes called overoxidizers; the
Gluconobacter genus ones, underoxidizers. Hence the use of the species
name : nd_o_da_.

In addition to ethanol, the,w organisms carryout an incomplete oxidation
of such organic compounds as higher alcohols and sugars. For instance,
glucose is oxidized only to gluconic acid, galactose to galactonic acid,
arabinose to arabonic acid, and so on. This properv/of underoxidation is
exploited in the manufam_ of ascorbic acid (vitamin C).

In our study the strain NRRL B-72 (Also named ATCC 621, from
American Type Culture Collection) was used; it had been ordered from
NRRL (Northern Regional Research Laboratory- Peoria, IL USA).

B- The vroducts

The information in this paragraph are taken from "Microbial
technologies, Vol 1 - Microbial processes" - Peppier and Periman.

1-G|uconic acid and by-products

The product in which we were interested was gluconic acid (2,3,4,5,6-
Pentahydroxy-l-hexanoic acid). The oxidative enzyme which leads to the
production of gluconic acid in Gluconobacter suboxTdans is glucose
dehydrogenase. But the direct dehydrogenation product of glucose by this
enzyme is the glucono-a-lactone. This latter moleccle is partially
wamformed in the free acid form (gluconic acid), obeying an equih'brium.
The ratio of the two products involved in this equih'brium depends to a
certain extent on the pH and the ,temperature. Usually, about 40% of the
gluconic acid is in the glucono_-lactone form. Furthermore,two other by-

. products appear in the fermentation broth, and a third one can appear too.
The three of them are ketogluconic acids derivating from the gtuconic acid
form. The major one in quantity is 5-ketogluconic acid, the other important
one is 2-ketogluconic acid and in trace amounts 2,5-ketogluconic acid can
appearfrom the 2-ketogluconic acid form.
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Fimn'e1 - Moleculesstructures

_,_sis andseparationof themolecules

To rest the samples drawn from the experiments and analyse the
production you have to be able to tell the difference between all these
molecules though they are close m each other in structureand properties.
There are only a few analyticalmethodsto obtainthis separation;the two
main ones, used in the articles thatI hadfound,are:

-The use of an HPLCseems to be the easiestway to make this separation.
For instance, Seiskari et AI, (1985) heated and filtered their samples to
removethe cells and then used a Varian5000 SeriesLiquidChromatograph
(VarianAerograph,USA) together with an UV detector.The column used
was Aminex HPX-87 H+, particle size 9 pure,300.7.8mm I.D. (BioRad
Labs, USA) with sulfuric acid as an eluent.Shiraishi et Al (1989) used the
same method but with anotherfitting for the HPLC;the columnwas s TSK
gel SCX(H+) (Tosoh Co Ltd; Tokyo, Japan) with phosphoric acid as an
eluent.

. -These productscan be assayedenzymatically (Rehr erAI, 1991) using
' the test kits of Boehringer(Mannheim,Germany).

3,Commercialusesof r_euroducts

The principalmarketfor_ucon/cacidanditsderivativesisforthe
salts,especiallythesodiumone.Hydroxylgroupsofthemoleculebinddi-
andtrivalentmetallicionsinsolubleform,thuspreventingprecipitationof
calcium,magnesiumor ironcompoundsfromsolutionsused in bottle and
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dish washing. Alkaline bonle washing compounds which contain :2.5-I0%
sodium gluconate, depending on the hardness of the wamr, are used
extensively in automatic cleansing equipmenL Metal carbonam precipimms
are removed by sodiumgluconatecontainingproductsfor the washing of
painmdwalls ormetalswithout inducingappreciablecorrosion.The acidand
sodiumsalt areusedasseques_ agentstopreventformationof insoluble
soapfilmsin_ cleaningformationsforglasswareandfood-processing
equipment.Sodiumgluconateisusedincleaning,derustingand paint-
strippingofmetalsandasaconcreteadditivetolengthensettingtimeandto
enhance compressive strength.

Gluconate salts and tim _}-lactone are used in dyeing and in textile
printing; glucono_-lactone is used extensively in baking powders as a result
of its latent acidity.

In pharmaceutical use, calcium gluconate has long been used as a
preferred source of calcium in cases of calcium deficiency due to diet or
pregnancy,andforrapidreliefofsymptomsofallergies.Many drugscanbe
administeredmoreeffectivelywhencombinedwithgluconates.

D- Cellimmobilization
1-Historical _?ack2vound

Althoughenzymes havemany advantagesas catalysts,theyare
essentiallyproducedby an organismforitsown requirements;and outof
their usual environment, enzymes are very fragile molecules. They are
generally unstable and cannot be used in organic solvents or at elevated
temperatures. However, recent developments in the fields of biochemistry,
applied microbiology and genetic engineering have markedly accelerated the

• utilisationofenzymes.Sincethesixties,TosaerAlhavebeeninvestigating
immobilizedenzymes withthegoalof utilizingthem forcontinuous
industrialproduction;thuseludingamajordrawbackofbatchprocessing:
thedifficultytorecovertheactiveenzymefromthereactionmixturefor
muse.The processhadotheradvantagessuchasimprovingthestabilityof
theenzymes,makinga continuousoperationmore practicalorincreasing
yieldandpurityoftheproducts.Furthermore,abettercontrolofthereaction
waspossible.

Thenextstepwas theimmobilizationofthecellitself,whichallowedto
avoidmanydisadvantagesof theuseof the sole enzyme.Enzymesin the cell
are maintained in their natural environment, neither extraction nor
purification of the enzymes from the microbial cells is necessary; thus, loss
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of enzyme activity and cost of the process are reduced. However, according
to "Applied Biochemistry and Bioengineering, Vol 4. - Immobilized
Microbial Cells" - Chibam and Tosa; immob'_zed cell systems are only
advantageous when •

-enzymes arenormally inuacelluJar
- the microorganisms contain no interfering enzyme
- the subswate and product arenot high molecular weight compounds
-enzymes extracted from cells are unstable while immob'dized

They also _ve a definition of immob/lized ceils :

"Microbial ceils physically confined or localized in a certain
defined region of space with retention of their catalytic activities, and
which can be used repeatedly and continuously."

After thirty years of reseach on immobilization procedures, there are
now a great number of them to choose from when immobilization of cells is
required. Any subgrouping of methods is by no means absolute since in
some cases it may be difficult to classify a certain method as belonging to a
specific group. Different authors found du-ee, four or even six categories of
methods; I will here present a d/vision in four groups that may not include
some specific methods. More details can be found in many books - some of
which are listed in the bibliography.

2-The ,l_rocedures

The topic of immobilization methods is vast enough to fill an entire
volume in itself, the intention with which this paragraphis wriuen is just to
introduce these methods.

A common statement about all these methods is that they allow a great
. increaseofthecelldensity;thusimprovingtheproductivityofthemixture.
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a)-Enrrapmem

Enu-apment methods are based on the confinement of the ceils in a
three-dimensional gel lattice. The cells are free within their comparunents
and the pores in the material allow substrate and product to diffuse to and
fromtheceils.Thisisby farthemostfrequentlyusedmethodinlaboratory
experimentsandtherearealsosomeexamplesofindustrialprocessesbased
on entrappedcells.Withinthisgroupofimmob'dizationprocedures,alotof
matriceshave been employed: collagen,agar,carrageenan,cellulose
triacetate,polystyreneandpolyacrylamide-whichisthegelthathasbeen
themost extensivelyused.Thesegelscan be usedinbeads,cubesor
membranes.They allhave differentcharacteristics,advantagesand
disadvantages.

b)-Adsorption(Carrier-bindingmethod)



Thi_ method is based on direct binding of microbial cells to water
insoluble carriers. The cells are ionically bound to these carriers containing
ion-exchange residus. The main materials that had already been used are
wood, glass, ceramic, plastic and kieselguhr.

The influence of the cost of the immob'dizationon the overall cost of the
process is of primary importance, especially in large-scale processes with
cheap substrates. Adsorption is - in principle - a reversible process, meaning
that the support may be recovered at the end of this process; that is why
adsorption seems to be a promising technique. But these aforementionned
advantages mm out to be disadvantages because the forces involved in
adsorption are weak and the cells may enter the product stream at high flow
rates.

c)-Covalent coupling- including cross-linking

The mechanism of this method is based on bond formation between
activated inorganic supports and cells and requires the use of a binding
(cross-linking) agent. To introduce the covalent linkage, chemical
modification of the carriersurface is necessary. The main binding agents are
silanized silica support, glutaraldehyde, isocyanate and metal hydroxyde
precipitates. The advantage of this system compared with entrapment is that
it is free from the diffusion limitation. Unfortunately, coupling agents are
usually toxic and cells can retain only 60-75% of their enzymatic acuvity.
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83-1mmob'_.ation _+,i_ue _po_

The properties of microbial cells such as surface charge or cell wall
composition are the major factors responsfble for immobilization in such

For instance, all A_pergiU_ strains can be immobilized easily without
support (Mer_ - Kos_en 1977). When the spores are placed into continuous
flow reactors, hyphae usually form agglomerates and become pellets.
Hyphae-hyphae interactions are considered very important for microbial
immobilization. The pellets are rather stable in airlift type fermentors and
can be used for continuous productionof citric acid - for instance.

E- Gluconic_ci_lproductionby Gluconobactersuboxydans

Hereareafew statementsabouttheproductivityoftheimmobilized
bacteriaIwas interestedin,accordingtosome recentstudiesthatwere
conductedwithceramichoneycomb(ShiraishietA1,,1989)and fibrous
nylon(Se/skam"erAI,1985)ascarriers.

1-The uaramemrs

- Aeration rate
- Glucose concen_afion of the feed
- Residence time of the feed in the reactor
- pH and mmperamre
- Geometry of the reactor and configuration

2-Optimisation of theprocedure

-Theketo-gluconicacidproductioncanbereducedwithpH and
. temperatureoptimisation.

-Theyieldincreaseswithanincreaseoftheaerationrateandwithan
increaseoftheglucoseconcentrationinthefeed(upto20% w/v).

-Thehighestglucoseconversionisreachedwhenthereisalong
residencetime(lowsubstratefeedrate)andarelativelylowaerationrate.

-TheoptimalrangeofpH forGluconobactersuboxy_znsgrowthis
between4.and5.
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_-The _m'oblems

- At high aeration rates, channelling of air results in a decrease of
gluconic acid yield.

- At high glucose concentration, the pH decreases to values close to Z
and then, the bacteria growth rate will be limited significantly.

- The by-products seem to be produced in larger quantities when the
residencetimeisbeingincreased.

-A higherglucoseconversiongoesalongwithanincreaseof
ketogluconicacidproduction.

IV-Materialsand.methods
A- The bacteriaculture

Gluconobacteroxydansssp.suboxydansNRRL B-72was used.The
culturewasmaintainedinculturetubescontaining20 g/1_ucoseand2_ of
eachyeastextract,maltextractandpeptone.

The organismsweresubculmredmonthlyandstoredatroomtemperature.
Thenthebacteriaweregrownina61bottlecontaining50 g/1glucoseand

5 _ ofeachyeastextract,maltextractandpeptonewiththepH setat6.The
culturewas conRnuouslyaerated,theairprovidingashakingeffecttoo.

B- The fcrraer tationapvarams

The reactor itself was prepared in a glass robe with an inner diameter
of 5 cm and a height of 65 c-re.The package for the immob'flizationsupport
was prepared with a plain cotton towel and _t fiber nylon mesh roiled
together tightly. The towel was used for the proper immobilization itself on
the cotton fibers and the nylon mesh layer were inserted between the cotton

' ones to provide the room for s good air dispersion. The package itself was
40 cm high and 5 cm large, so the height to diameter ratiowas 8.

The reactor was fed and aerated from the top. The pumps used for both
air and feed supplies allowed a wide range of speed. The air inlet was
connected to a. flask of de-ionized water used as an humidifier. This
humidification provided a higher rate of oxygen use by the bacteria. This
humidified air then passed through a filter in order to avoid any
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contamination, all the more as different strainsof yeasts, molds and other
bacteriawere used in thesametimein thelaboratory.

The outflow came from the bottomof the reactorthrougha long plastic
hose with a copper tube at its tip. Most microorganisms can not stand
copper,thisparticularitywas used asanothermeanto avoid contain/nation.



Air filter
!

Loose cot*onfilter

Air pump

Humidifier

Package"Cottontowel
Nylon mesh

Outflow hose 61 feed borne

. Coppertip

]?i_re 2- Fermentation apparatus
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C- Immo_tion _edure

The 61 bottle of medium conta/ningthe bacteriaculture was run l_e a
feed into the reactor for 24 hours at a slow rate (about 1 1during these 24
hours).The reactor was aerated duringthis immobilization procedure. Then,
the first bottle of classical feed startedto run.

The type of immobilization procedure is not well defined, including
entrapment in the cotton fibers and adsorption on the protein charges. To my
knowledge, no previous study using this techn/que has been reported.

D- Maintenance

-The main task of the maintenance was the prepam_on of the feed. At
the rates which were used, the feed consumption was between I I and 1.5 1
per day; consequently a new 6 I bottle had to be prepared once or twice a
week.

The glucose source was pure glucose (Purchased from Y.T.Ba_kerInc.
Phillipsburg, NJ USA), except for the first three bottles where Karo - which
is a corn syrup containing 75% of glucose and a few ions and vitamins - was
used (Purchased from Best Foods, CPC InternationalInc. Englewood Cliffs,
NJ USA). The nitrogen and mineral supplies were provided by yeast and
malt extracts and peptone (The three of them purchased from Difco
Laboratories Detroit, _ USA). Then, according to a pH study a pH 5 buffer
was or was not added to the medium. Finally, the pH was set at 6 with
ammonia.

Then, the bottle was closed with a plastic stopper pierced with two
stainless tubes, one would be connected toa plastic hose and used for the
feed pumping, the other one connected to a cotton and gauze filter necessary
to let the air enter while the bottle is emptying. This filter was also essential
during the autoclaving due to the evaporation of Liquid from the bottle
according to the pressure and temperatureconditions within the autoclave.

Before the autoclaving the plastic hose was clamped, the stopper was
sealed with some heatproof duct tape and the cotton filter was protected with
ahuninum foil to avoid its hunfidification when the steam would condensate
in the autoclave during the cooling down phase. This huntidification would
clog the f'flter and then no air would go through it. Each bottle was
autoclaved two hours, the temperature increasing up to 115-120°C and the
pressure increasing up to2 arm. This procedure ensured the feed tobe
sterile, at least free of any living microorganism. After allowing the bottle m
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cool down, it was connected in place of the emptybottle, using a flame to
createa sterile_ andethanolto _ the hoses tips.

-Theflask of de-ionizedwaterhad to be filled up every otherday: the
consumptionwas between ICY)and200 ml per day, depending on the air
flow rate.

-The samplesweredrawneverydayfromthe coppertip of the outflow
hose, just waiting for the test robe to be full enough to damp the pH
ele_.

E-An vtiqalmemods

Three kinds of datawere takeneverydayfromthe samples :
-The pHwas measuredto follow the evolutionof acidpt_uction.
-The absorbanceor opticaldensity was taken (A 660 nm wavelength) in

order to evaluate the cell density of the outflow and follow approximately
the discharge rate of cells from the reactor. This data had no absolute
significance and was just used in s comparativeway from day to day to
evaluate the way the reactor was working.The readingswere usually made
after_ dilutionof the samples,but the valuesgiven arethe actual ones.

The spectrophotometer used was a Model 340, Sequoia-Turner
CorporationMountainView, CA USA.

-The brix was measuredwith a refractometerto evaluate the glucose
consumption.

A few times, a back titrationof the outflow up to the initial pH of the
feed was made in order to have an approximateassessment of the reactor
productivity.For these titrations,NaOHwas used.

The absorbauc_in the UV range(:210nm wavelength)was used too; this
matter will be furtherly developed in the paragraph referring to this
particularstudy.
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Results and discussion

At fl_rstthe Immobilized Cell Reactor itself was not used for the
experimentsbutwu runinorder to know whether it was pou_le to perform
fermentationforan extendedperiodof timein thisreactor.

first partof the sutdyexperimentedof pHvaluesatdifferentlevels in
the fermentationprocess; both on the cell growth of the bacteria and its
productivityof gluconicacid. Since we needed to set differentvalues of pH
and regulate them it was easier to conduct these experiments in batch
reactiom.It was easierto drawtheeverydaysamplestoo.

The results fromthese batchexperimentswere thenappliedto the ICR,
studyingtheeffect of pH settingandtheuse of a buyer in thefeed.

As long as the aim of the experimentswas to comparethe effects of
differentvalues of thepH parameter,theevaluationgivenby thepH andthe
OD of the outflow was meaning_ enough to tell the best value for the
productivity of the bacteria.But whenwe startedto work on the ICR itself
and that we wanted to analyse the $1uconicacid productionmoreprecisely,
the approximate yield given by a back titration of the outflow was not
enough accurate anymore.At this time arose the problemof the $1uconic
acid analysisanddifferentexperimentswere made to solve thisproblem.

Anotherproblemcreatedby the conmmin_on appearedquite in thesame
time and thenthe studyof the ICRproductivitywas left apartand the main
concernhad became to find a solution to thisproblems.We were especially
concernedaboutthe gluconicacid analysis,since thisproblemenabledu., to
investigate with accuracy the effect of any change in any parameterslikely
to influence the ICRproductivity.

A- Influenceof theDHQntheproduc
1-Thebatch experiments

a)'Effecto/the initialpH

Since Gluconobacter suboxydans is able to grow and live in acidic
conditions, we preparedtwo experimentsto know whether the growth is
better in a.neutralor more acidic medium. So, two 1 I erlen-meyerflasks
were prepared,one with an initial pH at 4.(We will refer to it by the name
"IV") and the otherone withan initialpH at6 (Will be referredto as "VI").

Themedium was formedwith 2 g/l of each yeastextract,maltextractand
peptoneaspeptide andmineralsources.The glucosesourceused was 50 g/1
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Karo - which _senm 37.5 g/l _. Each baw.hbad t volume of 500
ml; the pH 6 was set with emmoeJaend the pH a,with phosphoric acid.

The _ were closed with stappm including an aerator, t long need_
with a plastic _ to draw the samples from and a loose cotton filu_r,then
sealed with beatproof duct tape and autoclaved. After allowing the time for
the broth to cool down, the tnocu_on wu made t_m the same bottle
which had been used m start the ICR md had been stored at 4.*C since then.

The batches were run twelve days, taking pH and OD everyday. (See
graphs l&2). The air rate in each batch was set at 1 l/min, and the flasks
were stirredwith a magnetic stirrer.

0
0 2 a, 6 8 10 12

Days

Graoh 1, OD vs Time
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Afarsixdays,thepH was moreor lessstablearound2.6-2.7which
meantthatthestationnaryphasehadbeenreached.VI hada lowerpH
though the initial one was h/gher, which allows to th/nk that this higher
initial pH is betterfor the bacteria- if we consider that the acid production
can be used as &parameterto draw this conclusion. Anyway, after twelve
days, the OD of VI was about 25% higherthan the one of IV, which proves
that the growth rate had been higher in VI. This was asserted by _tback
titration that was made with the broth after twelve days. For both ,
experiments,NaOH IM wasusedtobringthepH of50ml ofbrothupto
theinitialvalue.Then itwas assumedthatonemoleofbasewas the
counterpartofone moleof gluconicacidproduced("Gluconicacid"
includingherethegluconicaciditselfanditsketonicderivatives).This
assumptionwasmadeinordertoevaluatetheproductivity;andtheresults
were: - IV" 7.5 g/l

-VI.12.5 g/1
OfcoursetheinitialOD ofVIwasabouti0% higherthantheoneofIV,

butthesemeaningfulresultscannotbeattributedtothisslightdifference.
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Consequentlyto this study, thepH of _ feed _d for the ICIt was
set at 6 before the autoclaving.However, any sisnificant difference in the
results of the ICR could be observed;this was due to the fact that the pH of
the feed was - anyway-close to 6 i.e. around5.6-5.7.

b)-F_erimen_wi_hgH regulation

AfterthetwoexperimentswithoutpI-Imonitor,we plannedtotest
d_ growd_andproductivityof Gluconobactermboxydansat '¢ifferentsteady
pH values. The row of experimentsto measurethe cell growthwas smr_d
first. The two studiescouldnotbe done in the samebatchsince we wanted a
low initial cell count for the growthevaluationand a high one for the yield
evaluation.

The same medium as for the previous experimentswas used, but some
potassium sorbatewas added (250 ppm) m avoid yeast conmminala'on(See
study p X for fin',herexplanations).The eden-meyerflasks were prepared
exactly the sameway, with aeratorands_ however,the volun_ was 200
mlthistime.

FourpH valuesweretested:2,3,4.and5.Phosphoricacidwasusedto
set the values before autoclaving.Unfortunately,the pH monitor was not
working well and so I did the monitoringmyself, controllingthepH 5 or 6
times a day.Phosphoricacid andammoniawereused to de_ or increase
the pH wheneverit was necessary.ThepH4 andpH5 flasks were a little bit
hardtom_inmin at tl_u"expectedvalue;decreasingrespectivelydownm 3.5
and 4.2 overnight.
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ASter a lag phase of about 20 hours, the growth occured during 40
hours,thentheexpe were

The pH 2 flask had a very low growth compared to the three other ones.
This value is lower than any value obtained from the ICR - which was
nmning without pH control and never went below a pH of 2.5. Such a low
pH seemed to be out of the range of pH accepted by the bacteria metabolism
for a good growth.

Apart from this pH 2 flask which had a really different result, the three
other ones had fairly the same rate of growth, though it seemed to slightly
appear that the higher the pH was, the better the growth was. An important
comment to make is that the exponential growth phase on the graph for the
pH 5 flask was much more intense. From these results we concluded that a
pH around 5 might be preferred for a high growth rate of Gluconobacter
suboxydans

After this row of experiments, a study of the use of a pH 5 buffer in the
feed of the ICR was started, this will be presented in the next paragraph.

Then another row of experiments had to be started to study the yield of
_uconic acid at this differem pH values. At this time we absolutely needed
to analyse precisely the quantity of gluconic acid produced; different
attempts to do so were made, but this latter row of pH experiments remained
a project.

2- Use of _1pH buffer solution

Once we had notice_ that a pH around five improvect the
Gluconobacter suboxydans growth andtheir productivity, we decided to add
a buffer solution in the bottles of feed. ,

. a)-Choice and preparation of the buffer

Since the bacteria is degrading carbohydrates for its metabolism, we
did not want to use a buffer including this kind of molecules. The only dams
eoncernig a mineral buffer were for a sodium phosphate on,: (Handbook of
Chemistry and Molecular Biology); unfornmately the lower pH presented
was 5.7. So I had to make furether research at the library and found the
Sorensen's potassium phosphate. I had to reealeulate the dams for the sodium
salt beeanse it was the only one I had at my disposal
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The two solutions were :
A : 0.2 M solution of monobasic sodium phosphate NaH2P04, H20

(27.SgmlO00mD
B : 0.2 M solution of ¢h_asic sodium phosphate anhydrous Na2HPO,

(2s., g in10o0mD
These compounds had been purchased from Mallindrockt Inc. S• Louis,

MO USA. Taen the blend for a pH 5 buffer was 96.3 ml of A and 3.7 ml of
B diluted to a total of 200 mL

Actually, the two chemicals involved in this buffer were used in a
granulated form, weighed and _y added in the 61 bottle of feed.

b)-The steps of the study

The study included five steps, five differents concentrations of buffer
in the feed. At first, the "blank" without buffer, then four differents amounts
of potassium phosphates were added in the feed m reach buffer effects
corresponding to four differents volume of pure buffer solution : 100 ml, 500
ml, 1 1and 6 i. So the dilutions of the lmffer solution in the 6 1bottle were
1/60, 1/12, 1/6, and 1/1.

c)-The result,_

A back titration of 100 ml of outflow from the ICR was done at each
step in order to evaluate the _quantityof _uconic acid produced- The process
of these back titrations was exactly the same as the one used for the batch
reactions concerning the study of the initial pH. The same assumption - one
mole of base is equivalent to one mole of _uconic acid (and its derivatives) -
was made too. The formula used to calculate the concentration of _uconic
acid (in _jl) was-

C_A = Ca * V_ * FW * D

CQA: concentrationof_uconicacid
Cs :concentrationofthebase:IM
VB :volumeofbaseaddedtomeettheinitialpH 6
FW :formulaweightofthegtuconicacid:196.2Hmol
D :factortenduetotheuseofI00ml ofoutflow
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DILUTION CONCEN'IRATION YIELD AVERAGEO_W pH

"Blank" 34.0g/l 68.0% 2.55

1 for60 34.2g/l 68.4% 2.60

1 for12 35.3 g/l 70.6% 2.65

1for6 37.0g/l 74.0% 2.88

I for I 41.5g/I 83.0%, 3.05

Table 1,,-Bufferms_It_

The two higher dilutions of the buffer were more or less ineffective.
At so high dilutions the effect of the buffer was almost cancelled and the pH
probably did not change; thus, the metabolism of the bacteria was barely
affected. The I/6 dilution noticeably improved these conditions since the pH
of the outflow was raised by .23. Finally, the positive effect of the use of a
buffer solution on the productivity of Gluconobacter subox'ydans was
completely assessed by the use of the I/I dilution. The average pH of the
outflow increased up to 3.05; meaning that the pH conditions in which the
bacteria were living had increasect at least of .5 compared to the "blank"
solution. The yield increased from 36 _ up to 41.5 g/l which corresponds to
a 22% improvement.

B - Problem_ encountered and divergence Qfthe _tudv

The f'rrst aim of the project was to improve the productivity of
Gluconobacter suboxydans, but some experiments had to be made apart
from this main line because of problems which oeeured during the study of
the ICR.

1,The contamination
a)-Description

All along my traineeship, yeast and mold growths appeared frequently
in the different batch experiments I made. This was due to their current
presence in the laboratory since some collegues were using them for their
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own experiments. The ICR was contam/namd too, the first time by a yeast
which had probably come up in the outflow hose from the jar of waste where
mother outflow from a yeast/starch reactor was pourred too. These yeasts
had reduced the yield of the ICR (The pH of the outflow Uadually increased
fi'om 2.70 up to 3.10) and were _ growing. So, we decided to start over the
reactor with a new package and a new inoculum, now separating the
outflows of the reactors.

Though, the batch experiments had been contaminated by yeasts living in
the atmosphere of the laboratory, and to prevent any other problem in the
ICR I tried to use a chemical to keep these yeasts from reappearing.

Dr DALE suggested me the use of sorbic acid (2,4-Hexadienoic Acid);
and I actually used potassium sorbate which was available in the laboratory.
It had been purchased from Sigma Chemical CO STLouis, MO USA.

Another contamination - by molds - occured too and we had m start
over the reactor once more, but no investigation about this problem was
made.

b)-The experiments

The batch experiments were made in aerated (1 l/rain) erlen-meyer
flasks with a volume of 100 ml. The medium was 20 g/1 glucose and 2 g/1 of
each yeast and malt extracts and peptone. The flaks were sealed as
previously explained; the stoppers included a needle with a sepmm,
necessary for the inoculation and to draw the samples. They were autoclave4

minutes.
The idea was to grow yeasts together with Gluconobacter suboxydans in

the same broth, including different concentrations of potassium sorbate.
Three values were chosen ; 100 ppm (135 mg/l), 250 ppm (336 rag/l) and
SO0 ppm (673mE/l).Two blanks-one witheachmicroorganismalone-
were preparedtoo.

The experiments were stirred with a. magnetic sl_-rer and were run six
days.
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Yeastpodon (/mr) Bacteriapoon (/mr)

Initial Final Growthfactor Initial Final Growthfactor

Yeastblank 2.4 10E6 6.9 10E7 times29 - - "
- 5.5 10E6 3.6 10E7 times6.5Bacuniablank - -

100ppmsorbate 3.4 10E6 1.4 10E7 times4 2 10E6 1.5 10E8 times75

250ppmsorbam 2.9 10E6 4.9 10E6 times1.7 2.3 10E6 2 10E8 times87

500ppmsorbate 3.1 10E6 .95 10E6 times.3 1 10E6 3.2 10E7 times32

T_h[¢7.- Sorba_m_results

The first striking point is that the higher the potassium sorbate
concentration was, the lower the growth rate of the yeast was, which means
that the effect expected from this chemical had been here demonstrate& At
the highest concentration (500 ppm), the yeast population had even
decrease&

Concerning the Gluconobacter suboxydans growth, the potassium sorbate
seemed to have boosted it, though it appeared that the chemical was not so
well supported at 500 ppm. However, the results fit according to the
different concentrations since the bacteria growth to yeast growth ratio had
increased with the potassium sorbate amounts • times 19 at 100 ppm, times
51 at 250 ppm and times 106 at 500 ppm.

Though the 500 ppm ratio seemed to be the better one, it was decided to
use a 250 ppm concentration of potassium sorbate in the feed of the ICR
because it was the level where the bacteria growth was the highest - still with
a good inhibition of the yeast growth.

• 2-Avalvsis of the gluconic acid

This problem arose when we wanted to study the influence of the pH
on the productivity of Gluconobacter suboxydana.
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a)-Use of an llPl._

According to the literature, the use of an High Performance Liquid
Chromatography was supposed to be the easiest way to analyse not only the
gtuconic acid production, but the ketonic acids and a-lactone ones too.

The column we had in the laboratory was an Aminex HPX-87 H+,
particle size 9 I_, 300*7.8 mm I.D. (BioRad Labs, USA) which was exactly
the same as the one used by Seiskari et AI in their research. The eluent was
sulfuric acid too, at 0.1 N concentration. But the detector used for the
products at the exit of the column was based on the refractive index (156
Refractive Index Detector, Beckman) and Seiskari et AI used a 21Ohm l._
detector;, unfortunately, this characteristic was probably too close for the
differnt products and any readable separationwas possible, even with a high
resolution accuracy. The different peaks were more or less confounded, just
obtaining shoulders on the main peak as the best result.

b)-Use of a UV detector

Then we attempted to make the separation - at least between glucose
and gluconic acid - with a UV detector, using a 210 nm wavelength. The
spectrophotometer used was a U 1100 Spectrophotometer- Hitachi, Ltd.
Tokyo lapam

- Smudard curve

I had first ploted a standardcurve of the OD versus the gluconic acid
concentration. Five different concentrations of acid were used : 5, 10, 20, 30
and up to 40 g/l since we were expecting a yield of 30-40 g/l in the ICR. The
glucouic acid had been purchased from Sigma Chemical CO _" Louis, MO
USA. The test samples were actually diluted by I00 to fit the measurement
range of the spec_rophotometer.

A second row of samples was preparedwith the same acid concentrations
but _ucose (10 g/l) was added in each solution to check if this was creating
any interference with the pure acid.

The zero of the spectrophotometer was set with a cuvette of de-ionized
water, which was used to prepare the samples. See graphbelow.
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s,

Gravh 5 - Gluconic acid OD _andard curye at 210 nm

The results were very satisfying since the curve was linearized with a
very small approximation. Furthermore,the glucose did not interfere at all in
the OD values.

~ The sample tests

From the first try to read an OD in the UV range with a sample from
the ICR outflow, the results were wrong. The first reading - made after the
same dilution as the one made for the standards - gave an OD of 156.
According to the standard curve, this was corresponding to a gluconic acid
concentration of 250 g/l, which was obviously impossible with a glucose
concentration of 50 g/l in the feed. It had appeared that one or more other
compounds were absorbing in the UV range; it was assumed that a peptidic
molecule was, since we know that - for instance - tryptophane absorbs at 280
nm, and the peptidic bound absorbs at 220 nm.

I tried then to take the OD of the feed too, thinking that the acid
concentration might be deduced from hte difference between the outflow and
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the feed ODs. Thiswas donetwo days,but the resultswereimposs_le to use
because the OD of the outflow was lower than the feed one. This fact
assessed the hypothesis that a pepridicmolecule (which hadbeen degraded
in the ICR)was involved in thehigh OD readings.

--Use of theShay medium

Since we thought that a peptidic molecule had made the results
impossible to use, it was decided to preparea batch with an exclusively
mineral medium. The Shay medium was used (0.1% w/w), supplied with
niacin, panthotenicacid andammonia(5 g/l). Glucosewas used at 50 g/1.

Constitution of the Shay medium (Shay et Al, 1987) for 80 g/1
c&,-bonsource :

25gl _-I4hS04
2_ H3PO,
.0031 g/1Niacin
.001 g/l Panthotenicacid

And1.5mIAof:

6ognFeSOjH20)_
25_ ZzSO_(H20)7
5gnCaSO4(H_0)s
2 gn_U_SO4(H_0)
1 g/l Na2Mo04(I-I20)7
.2_ CaC12(H20)_

The flasks were se'aledandautoclavedasusual, but the medium was
burnt in the autoclave,a caramelizationhad probablyoccured.Anotherbroth

• was preparedand thenjust boiledon a hot plate.
The results were disconcerting;eventhough the OD readings seemed to

be possibly correct, increasing from 34.7 after the inoculation up to 4.7.1
within three days (A 12,4.differencewhich was correpondingto a gluconic
acid concentrationof 20 _dlaccordingto the standardcurve), the pH almost
did not change duringthese threedays (From5.93 down to 5.84) indicating
that no acid was produced.I did not try to investigate the reason of the OD
increase; it seemed useless to me since - anyway - Gluconobacter
suboxydans was notable to growon the Shaymedium.
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After this last attempt, the analysis of gluconic acid was no further
investigated. However, another try that might be done with the UV
spectrophotometerwouldbe to use aproteasein thesamplebeforetakingthe
reading;d2esmalkr peptidesandaminoacidsremainingmight not in_erfere.
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Conclusion

Unformna_ly, die problem of the analysis of the _lucon/c acid was
not solved during my trainee; and as a consequence, the expectancies about
the ICR productivity improvements were not met. The only result I had was
die one reached after die study of die pH effect on die _owdi and
productivit7 of Gluconobacter suboxydans, which led m a 22% increase in
the gluconic acid pro_crion.

The easiest way to make a good malysis would be to use a new detector
for the HPLC, but here rises the problem of the funding needed to purchase
such an expensive appliance.The same problem would appearwidi the use of
the Boehringer test kits, that can be used just once and are quite expensive.

Once this problems solved, several parameters remain to be tested.
According to die literature, glucose concenu_on and the flow ra_esof air
and feed are the most influencing ones. Actually, the furtherstudies should
involve die three parameters at the same time, in order to f'md their best
matching point with regard to glucose conversion and by-products
percentage. The articles about Gluconobacter suboxTdans immobili_tlon
give a lot of indications and directives that can be use as _t guideline to
improve this ICR with a new carrying material that Dr M.Clark DALE is
trying todevelop.

. As a final word, I would like to say that I have enjoyed my placement
in the Agricultural Engineering Deparunent of Purdue University, and
learned z lot all along my traineeship. I gained a great deal in both
knowledge and experience.
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Feasibility and Availability Study for the Conver_on of Raw Corn

Starch to Ethanol in the Continuous Reactor Separation

M. ClarkDale& $huiwangLei

ABSTRACT

A system,comprisedofacontinuousreactorseparator(CRS)columncontinuouslyproducins

ethanol and an absorbing column continuously removing and concentrating ethanol produced in the

reactor, was de_'eloped. The CRS was a four stage reactor and total volume was about 4 liters. Fuur

level of total so!ida,10%, 15%, 20% and 30%, was used in this study. 92% of the total soHcL_was

raw corn starch and 8% was ground malt. The yeast strain used was Kluyveromycesfragili 2415 and

the enzyme was Fermenzyme L-200 in this study. Operation temperature 380C was selected. The

experiment ran continuously for 37 days. The experiment results indicated that 79% raw corn starch

was converted to ethanol in CRS. Effect of PH, yeast density and malt con_ent on convermon of raw

corn starch to glucose and glucose to eth_.ol was also investigated. The studies proofed that PH,

Yeast density and malt ratio influenced significantly conversion of raw corn starch to ethanol.

Key wards: Ethanol processing Starch fermentation Yeast

INTRODUCTION

Ethanol can be used for motor fuel, or as a fuel additive to replace lead in gasoline, or as a chemical

feedstock. Ethanol production by fermentation processing constitutes a large section of biological

and agricultural engineering. More attention has been paid to fuel ethanol production* from biomass

since 1970. It was stimulated not only by the limitation of non-renewable petroleum source, but also

by agriculture and the environment.
o

Corn starch is widely used as raw materials in ethanol production. Theoretical calculations indicate

that processing one ton of corn could obtain 400 Hters ethanol (Rhonda Hosein & Winston A.

Mellowes 1988). However current batch fermentation technology for ethanol production involves

liquefaction, saccharification and fermentation. These processes require large scale operation, large

capitalinvestment,andlargeenergyconsumption.Abouthalfofthisenergyisassociatedwith

dryingandevaporatingthestillage,andhalfwithfermentationanddistillation(M. ClarkDale,1993

).The ContinuousReactorSeparator(CRS) isa novelsystem.Inthissystem,continuous

saccharificationandfermentationofpolysaccharides,suchasstarch,celluloseandotherbiomass,



can be quickly completed. Raw corn starch does not need to cook. Anhydrous ethanol may be

obtained from feed concentration as low as 3 to 4% sugar with low energy consumption for ethanol

recovery and dehydration when the CRS is coupled with solvent absorption recovery of the ethanol.

This system will allow lower capital costs, lower energy usage, and lower labor,costs.

.-Manyfactors are involved in the CRS. Any one of the factors will influence the conversion of raw

starch to ethanol. This study focuses on the feasibility and availability for conversion of raw corn

starch to ethanol in in a laboratory scale CRS. Goals of the research were to determine the factor of

influence on the process and to analyze the effect of the factors on conversion.

MATERIALS AND METHODS

CRSfermentation equipment. A CRS experimental apparatus was designed and built in the

laboratory.Thisapparatusconsistedofa CRS columnandanabsorbingcolumn(Fig.1).The CRS

column had fourstages.The volumeofeachstagewasaboutoneliter.The faststagevolumewas a

littlebitbiggerthantheothers.Feedsolution,enzyme,yeast,andnutrientmedium were

continuouslyfedtothetopofthecolumn.Ethanolproducedineachstageswas strippedwithairand

thestrippingstreamwas absorbedby anabsorbcolumn.Strippingairwassuppliedby acompressor

andabsorbingwaterwas suppliedby aspecialpump andtank.

Feed solurion. Feed mash was made of raw corn starch and ground malt. Total solids levels used in

this study were 10 %, 15%, 20% and 30% by weight. The starch was 92% and malt was 8% by

weightinthetotalsolids.The starchusedinthisstudywaspartlyfromIowa(GeneralMills)and

partlyfrommarket(ARGO, CPC International).The raw starchsamplesweredriedinanovento

determinemoisturecontent.Dryingtemperaturewas 103*C andwas for72 hours.Average

moisturecontentofthestarchwas 12.6%(wetbasis).The maltcame fromSigmaChemicalCO..

Beforemixing,The groundmaltwas passedthrough"asieveNO.30 toremovebiggerparticles

(USA StandardTestingSieve).Inordertopreventbacterialcontamination,250 ppm Sodium

BisulF1te(SO2)(J.T.BakerInc.)was addedinthesolution.Aftermixing,PH was adjustedtodesired

value with ammonia and phosphoric acid (H3PH4) (Mallinckrodt).

Enzyme. Enzyme used in this study was Fermenzyme L-200 ( Solvay Enzymes Inc. ). The enzyme

was a liquid glucoamylase derived from selected strains of Aspergillus niger var and capable of

hydrolyzing both alpha -D-l, 6 glucosidic branchiopods and the predominating alpha

-D-1,4-glucosidie linkages of starch. The enzyme was necessary to break down the starch into

fermentable sugars and increase alcohol yield.





Microorganism. The microorganism used in this study was Kluyveromycesfragilis 2415. The straJI1

had a high temperature tolerance and high fermentation rate. Both high temperature tolerance and

high fermentation rate were desirable in fermentation and separation of ethanol production. The

yeast was oultured for 24 hours before using.

Nutrient media. Two nutrient media were used in this study. The composition of the first medium

was yeast extract 3 grams per liter, malt extract 3 grams per liter, and peptone 3 grams per liter. The

second medium was composed of yeast extract 6 grams per liter, malt extract 6 grams per liter, and

peptone 6 grams per liter. Before using, the media was autoclaved for 2 hours at temperature 120 °C.

Fermentation procedure. Continuous fermentation separation runs were performed. The feed

solution, enzyme, and yeast were fed by a combined pump (Masterflex, Cole-parmert Insmanent

Co.). The pump was controlled by a timer. Supplying schedule of the feed was 1 minuter on and 9

minute off. The air and water was supplied continuously. Running each 24 hours, two ml sample

from each stage and from the absorbing column outlet was taken. Concentrations of ethanol and

glucose of the fermentation and separation were determined by high-pressure liqu!'d chromatography

(HPLC). The results were compared with a known standard ethanol and glucose concentration

samples. Yeast density and remaining starch particles were checked by microscope. PH of slurry was

checked by PH meter. Operating temperature was kept at 38"C. The fermentation separation

experiment ran continuously for 37 days.

RESULTS AND DISCUSSION

Theoretical conversion of raw starch to sugar and sugar to ethanol. Starch is a condensed polymer

of glucose. In CRS, starch was continuously converted to glucose by the enzyme and glucose was

converted to ethanol by the yeast. A summery of the chemical reaction involved in this conversion

is as follows:

C6H1206-->2C2I-LSOH+2CO2+heat

Preliminary calculations indicate that one unit of starch could convert to 0.51 units of ethanol

theoretically. However not aU of starch can convert to ethanol. In the fermenting process with yeast,

about 5% of the sugar is used by the yeast to produce biomass and by-products. Therefore the best

result of conversion of one unit starch to ethanol was about 0.46 unit. The maximum conversion to

ethanol that could be obtained in the CRS was equal to
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Ethanol (g/hr)=0.46(g)*Feed solution (ml/hr)*Tou_Lsolids (%)*Dry maner (%)

Supposethe mudsolids of thefeed was20% (w/v). Starchof thetotalsolidswas92%andthe

ground malt was 8% by weight. Assume malt used in this study contains 70% starch and the

moisture content was as same as corn starch. Ethanol should be produced at a rate of 7.9 g per hour.

The one of the results was shown in Fig. 2 and the figure was presented in Table 1. HPLC analysis

was shown in Fig 3. Conversion of total solids, ethanol and glucose was indicated in Fig. 4.
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Table I Conversion of starch to ethanol

Stage Ethanol(ffl-hr) 'Glucose(g/1-hr)

I 17.8 22

2 31.1 2.8

3 33.3 2.1

4 26.7 0.i

absorber 8.9

Theresultsindicatethat79% oftherawstarchhadbeenconvertedtoethanol.Theethanolstripped

andabsorbedwas57% andthatremaininthelaststagewas43%.Theglucosewasnearlyexhausted

byyeast.ExperimentalconditionswerePH = 3.5-4.0,YMP 3,3,3,The enzymelevelwas200and

yeastdensitywasover15millionpercubicmillimeter.

Effect of malt on conversion of starch to glucose

Theeffectofmaltonconversionofrawstarchtoglucosewasinvestigated,experimentalresultswas

showninFig.5 andthedatawaspresentedinTable2.

Table 2 Effect of malt on conversion of starch to glucose

Stage malt in total solids

8% 0

1 80.62 17.42

2 70.6 18.2

3 63.6 21.2

4 65.0 22.0

h is obvious that malt can help the conversion of starch to glucose. The glucose

concentration using ground malt in the different stages increased to as high as

aboaa3ut 1.9 - 3.6 times when compared to experiment using no malt. Furthermore, the

saeeharification time was shortened. It was helpful to accelerate conversion of glucose to ethanol.

Effect of PH on conversion of starch to ethanol

The fermentation environment was important. One of the important factor was PH. The effect of PH

on conversion of starch to ethanol were studied. Test results was shown in Fig. 6A and Fig. 613and
the Data was indicated in Table 3.





TabLe3 F.ffect of Ph on converdon of staw.hto ethanol

Stage Low PH ' _ I_I

eh _1 ¢tucose _ _ol sluco_
1 2.9 0 50 3.9 12 11.4.

2 2.83 4 48.6 4.0d. 24 1.6

3 2.88 10 41.7 4.09 25 1.4

¢ 2.9 16 27.8 3.98 23 1

absorber 6

The experiments indicated clearly that yeast did not workwell when PHwas lowed to 3. It was
much better to control the PH at about4.

The effect of yeast density on conversion o/starch to ethanol

Test results using different yeast densities are shown in Fig. 7A and Fig. 7B andthe data was

represented in Table 4.
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Table4.F.L'fectofyeastdensityonconversionofstarchtoethanol

Stage Low density Highd_nsity

ethanolglucose ethanolglucose

I 0 50 8 33

2 4 48.6 14 20.8

3 I0 41.7 24 18.i

4 16 27.8 20 18.1 '

Theresultsshowthatconversionofrawstarchtoethanolcanbeconductedsuccessfully.The

' densityoftheyeastshouldbeover15millionpercubiccantmeter.

F_L'fec:o£nutrient level on conversion of starch to ethanol

The nutrient level used mainly in this study was yeast extract3g/l, malt extract 3g/l, and peptone 3

g/l(YMP 3,3,3).Thesecondnutrientlevel,yeastextract6g/l,maltexu'act6g/I,andpeptone6

g/l(YMP 5,6,6),wasusedfor3days.No significanteffectonconversionofstarchtoethanolwas

found under these experimental conditions.
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CONCLUSIONS

The CR$ is a economical process in the conversion of raw starch m ethanol. It was found that 79%

of raw starch was converted to ethanol on a laboratory scale.

PH and microorganism density have a si_Lficant upon the conversion of raw starch to ethanol. PH

should be controlled at about 4 and yeast density should be over 15 million per cubic cent meter.

Malt concrntration also has an effect upon the conversion of raw starch to glucose.
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Inu_u¢_on

The nutritional value of yeast has been recogvAzed for hundreds of years, as yeast is a good

source of proteins and vitamins. There has been some work on growing a number of different

unicellular microbes (Single Cell Protein or SCP) such as yeast on various substrates as a possi-

ble solution to malnutrition in the third world. Yeast as a single cell protein can meet many of

the nutritional needs of humans, but if used at Idgh levels in a diet, can lead to an overconsump-

fion of nucleic acids. High levels of nucleic acids in the human diet can lead to physiological

problems such as gout.

Currently in the USA, yeast has many different applications. Yeast has a major use as a

leavening agent in the baking industry. The production of "bakers yeast" and/or active dried

yeast for baking is an important, but not a growing outlet for yeast. There is a current movement

towards using yeasts to provide flavors in the food processing industry. Red Star Specialty Pro-

ducts produce a bulletin about the use of yeast as a flavoring ingredient ......

"For centuries, yeast has been extensively used in the food and beverage industry.
With the increase in consumer awareness of the use of salt, monosodium glutamate,
and hydrolyzed vegetable protein in processed foods, as well as consumer desire for
natural ingredients, food processors have turned to yeast extracts for flavor enhance-
ment. Bulletin includes information on manufact_ng operations, properties, nutri-
tional benefits, and economic advantages of yeast" _.P. 8/92)

Yeast is extensively utilized in cattle and swine feeding, with there being a current research

effort noting a "pro-biotic" beneficial result from the feeding of live yeast to both dairy and beef

cattle.

Yeast production can be classified as primary, where yeast is the desired main product of the

operation, or secondary, where yeast is a byproduct of the operation i.e. alcohol production. For



primary yeast production, a variety of substrates are utilized including molasses, glucose

(starch), sulflte liquor, or wood hydrolysate. Industrial production of yeast from lactose or Whey

was practiced by Amber Labs of Juneau, WI, with several publications describing the plant

design and operating characteristics (Berstein et al, 1977). To the best of my knowledge, no

company is now currently producing primary yeast from whey lactose.

A variety of strains of yeast are identified as "food grade", indicating that these strains pro-

duce no toxic by-products as far as the FDA is aware. These strains include S. cerevisae, and all

other Saccharomyces strains, Candida utilis, and K. marxianus, a lactose utilizing strain.

Kluyveromyces marxianus behaves very similarly to standardSaccharomyces cerevisae except

for being able to assimilate lactose, being somewhat more temperature tolerant, and slightly less

ethanol tolerant.

Yeast have two basic metabolisms, anaerobic fermentation- where sugars are converted to

ethanol, and aerobic respiration-where sugars are converted to CO2 and cell mass. During the

fermentative conversion of lactose to ethanol, the yeast acts as a biological catalyst (required for

the conversion, but not actually wanted as a product). Substrate and nutrients used for ceU

growth reduce the conversion ratio of substrate to ethanol production slightly. Ethanol produc-

tion is considered a 'growth associated fermentation'. In general, yeast will 'ferment' or produce

ethanol in an anaerobic environment, and 'respire' and produce cell mass when oxygen levels

are high enough for the aerobic metabolism of the sugars. Saccharomyces strains exhibit a

phenomena called the 'Crabtree' effect at high sugars, where even in the presence of high dis-

solved oxygen, the c¢l.ls f-,mentatively produce ethanol. According to Phaff (1965), K. marxi-

anus does not exhibit this effect, but data by Mahmoud and Kosikowsld (1982) show that even



under aerated and agitated conditions, a 30% demineralized whey permeate solution gave a 30

g/1 ethanol solution and final cell density of 15 g/1 yeast with when all the lactose was utilized.

It is we1 known high sugars and ethanol inhibit fermentative cell growth and ethanol produc-

tivity. Dale et al, (1990, 1993) show that both substrate and product inhibition of K. marxianus

can be determined to be largely an osmotic effect in the fermentative metabolism. At a solution

osmolatity of 2.2 os/kg, anaerobic cell growth is totally inhibited, while for a commercial strain

of Saccharomyces cerevisae, Dale et al. (1990,1993) show thatthere is no growth at 1.8 os/kg or

above. In general, for primary yeast production, sugar levels are kept low (under 3%) to limit

the amount of ethanol produced. Oura (1974) states that when the glucose solution concentra-

tion used for yeast growth exceeds 50-100 g/1 the metabolism goes partly fermentative, no

matter what level dissolved oxygen (DO) is maintained in the reactor. These glucose levels

(50-100 g/l) correspond to 0.29-0.63 os/kg solution osmolality (CRC, 1973). Following the rea-

soning of Dale et al. (1990,1993) a low osmotic environment may be required for efficient

conversion of sugars to cell mass. Moresi et al. (1990) show a constant yield of 0.49 g yeast/g

lactose at whey feed concentrations of under 30 g/l, after which the yield began to drop (due to

ethanol production). At 50 g/1 lactose, cell mass yield (Y x/s) was reduced to 0.35 g/g. Marison

and yon Steckar (1987) showed that during the aerobic fermentation of single strength whey per-

meate, some ethanol was formed. This ethanol was noted despite the aeration of the broth.

Marison states that dissolve oxygen (DO) never fell below 80% of saturation.



Nutritional Requirements

When yeast is the primary product, the nutrient mix in the broth must be adequate to meet

both the primary nutrients (nitrogen, phosphorus, and potassium) and trace vitamins and

minerals requirements for the yeast to grow and thrive. When yeast is produced from carbohy-

drate streams, typical 'best' conversion ratios (g. yeast/g, sugar) are 0.49 to 0.59. Yields

reported by various researcher are given in Table 1. Wasserman (1953) determined a 'theoreti-

cal' maximal (100%) conversion yield of 0.6 g/g with 65% of the sugar carbon being assimilated

by the yeast, and 35% converted to CO2 by a respirometer study, but found actual maximal yield

to be 55%.

1gram C 12n 12° 6(lactose or carbohydrate) + nitrogen+ oxygen

+ vitamins + minerals--------_ 0.4-0.63grain yeast+ water+CO 2+heat [1]

Moresi et al. (1990) came up with very similar oxygen and conversion coefficient, and deter-

mined the total reaction stoehiometry as:

CH 1.83O .917 (lactose) + O.11NH 9 + 0.80 2------_0.60CH 1.840 0.58N0.18 (yeast)

+ 0.33C02+ H20+ .07CHsOt (ethanol or other solvents) [2]

Moo-Young gives the following similar stoichiometry for yeast growth on glucose:

1.68CH20 (glucose)+ 0.19NH3+ 0.6802-----> CH 1.70 0.5N0.19 (yeast)

+ 0.71CO2+ 1.14H20+ 80Kcal (heat evolved) [3]

The highest yield reported is by Beehtle and Clayton (1975) who state that with a 3X coneentra-

tion of cheddar whey, a 102 g/l cell mass was attained using a mix of yeast cultures (C. utilis, T.

cremoris, and others including K. marxianus). These researchers also used a variety of supple-

ments such as yeast extract and corn steep liquor which may have exaggerated their yield.
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Table 1. Yields of yeast on whey

r

Whey Yeast Yield rxtr

con-g/l . con-g/l Yx/s Reference
60 g/l 25 0.45 CSTR Shay & Wagner 1986

120 45 0.46 CSTR Shay & Wagner 1986
180 60 0.44 CSTR Shay & Wagner 1986
240 85 0.44 CSTR Shay & Wagner 1986
300 97 0.43 CSTR Shay & Wagner 1986

87 25 0.45 fed batch Bemstein & Everson 1973 ....
60 11.7 0.24 batch Beasseiou et el 1981
62 11.2 0.22 batch Geic & Kosikowski

150 28.5 0.23 batch Geic & Kosikowski 1982
58 18.4 0.40 batch Maroiella & Costeilo

74 23 0.51 batch Wasserman et al 1959
18 7.1 0.47 CSTR Moresi et al 1990
37 11.4 0.38 CSTR Moresi et el 1990
56 16.2 0.36 CSTR Moresi et el 1990

65 14.6 0.28 batch Blake Ray & Mores 1981
25 12.2 0.61 CSTR MouRn et al 1983
25 11 0.55 batch Vananvat & Kimselcla 1975
50 14 0.33 batch Michel et el 1987

300 17 0.06 batch Mahrnoud & Kosikowski 1982
15 6.2 0.42 CSTR Bivou & Stockar 1988

240 102 0.66 batch Beehtle & Clayton 1975 ....
80 25.4 0.50 batch Beehtle & Clayton 1975
60 23.0 0.51 batch Marison&von Stockar



Table 2 gives the basic composition of whey permeate, and various yeast streams grown on

whey. To successfully produce maximal yields of yeast, each nutritional need of the growing

yeast must be met, and all environmental conditions (pH, temperature, osmotic environment,

etc.) be optimal for the yeast. By examining the various nutritional requirements and environ-

mental variables required for yeast production from concentrated whey streams as reported in

the available literature, and applying this knowledge to our new reactor technology, the success-

ful conversion of whey permeate to yeast should be able to be accomplished.

Nitrogen. As per Table 2, yeast are about 50% by weight protein. A simple mass balance on

single strength whey can be made. Assuming 48 g/liter lactose and a conversion ratio CY x/s) of

0.45, 21.6 g/liter yeast can be produced. Therefore, 11-12 g/1 of protein will be produced by the

yeast, and this nitrogen must be supplied by the medium.

On a dry basis, whey permeate has a composition of 78-80% lactose, 11-12% minerals, and

3-3.5% crude protein. For single strength permeate solution (55 g/1 T.S.) only 1.7 g/1 protein is

available in the solution (Table 2), and there have been several studies that indicate that whey

protein is not readily assimilated by the yeast (Wasserman,1960, Barnes 1976), while

ammonium is rapidly utilized for cell growth. Therefore, nitrogen is a major nutrient that must

be supplied when growing yeast on permeate. Wasserman (1960) determined that 5 g/l

(NH4)2SO4 along with 1 g/1 yeast extract was adequate nitrogen supplementation to achieve a

yield (Y x/s) of 0.55 or 92% of theoretical(25 g/1 cells from 40 g/l lactose-5.5 g/1 lactic acid) in

both whole and heat deproteinated acid whey. An elemental nitrogen balance earl be run to

determine minimum ammonia nitrogen needed to ferment 48 g/l lactose (single strength sweet

whey permeate). If the nitrogen fraction of crude protein is 1/6.28, then 22 g/1 yeast at 55%



Table 2.
Composition of Whey and Whey Yeast Products

whey I whey permeate_ mineral yeast washed yeast
(1) (6) (3) (4) (6) (4) (5)

. i , . . -., . ,, ,' ,,, | ' ' ", ' ......

Lactose 76.5 78 79
Carbohydrate 24 30.1 42
Protein 12.5 11.4 3.5 43.8 32-40 57.4 45-55 50
Ash 6.0 9.2 11.5 18.8 15-20 5.4 5-7
lipids/fats ...... 4.3 2-3 7.1 3-4
moisture 4.5 4.5 3-4

1. Porges et al. 1951

2. Formost Dairy Products

3. Shay & Wagner, 1985

4. Bernstein & Everson, 1973

5. Mairorella & Castillo, 1985

6. Beausejour et al, 1981



protein will require 1.93 g/l nitrogen. (NH4)2SO4 is 21.1% nitrogen, thus, if this is the sole

source of protein, 9.1 g/l would be required. From Moresi et al.'s (1990) (Eq. 2) balance on the

yeast growth system, it can be calculated that .13 g of NH3 will be reqvh'ed for each 1 g of lac-

tose converted to yeast, or 6.24 g/l NH3 for single strength whey.

Minerals. Minerals make up about 5% (d.b.) of washed dried yeast, while permeate is 12%

minerals. The basic composition of whole whey powder, washed dried Kluyveromyces marx#

anus, and baker's yeast are shown in Table 2. Bayer (1983) compared the mineral fraction in

single strength whey with the minerals to be found in 20 g of yeast (assumes a 60% yield of

Candida intemidia type yeast) as shown in Table 3. The major mineral requirements of yeasts

are phosphorus, potassium, calcium, and magnesium, all of which are available in whey. This

does not explain why Wasserman et al. (1958) noted a major beneficial (21% increased yield)

effect from the addition of 0.5% of potassium phosphate. Trace elements are probably more

critical, Wasserman et al. (1958) noted a 100% increase in yield when lg/1 yeast extract was

added to the medium along with ammordum, phosphate, and potassium. Bayer (1983) examined

the composition of milk and deproteinized whey east for trace minerals and found a substantial

loss in Cu, Zn, and Fe. Bayer found that supplementing whey with I ml of a solution containing:

0.3 g/l CuSO4, 0.8 g/l MnSO4, 0.4 g/1 MOO4, 3.0 g/1ZnSO4, 4.0 g/1FeC13, allowed a 76% yield

of yeast to be attained (22 g/1 of ceUs to be obtained from a 48 g/l lactose in whey solution).

Shay et al similarly suggest a trace mineral supplementation of 1.5 ml of a similar solution con-

taining 60 g/1 FeSO4, 25 g/1 ZnSO4, 5 g/1 CuSO4, 2 g/1 MnSO4, 1 g/1 MOO4, 0.2 g/1 COC12to

ferment a 100 g/1 concentrate whey permeate solution.

Table 2 gives the composition of dried yeast produced from whey permeate when the broth



Table 3. Mineral composition of whey and protein

mg/l in mgper 20g dried
whey (6% TS) yeast

' " , , i , , , T r i

" " (_) ' (_) (2) (_) (i)
Phosphorus (p) 4,100 436 6,400 476 290

Potassium (K) 1,000 1,422 2,600 192 458

Calcium(Ca) 1530 344 4,300 334 30.5

Magnesium (mg) 94 137 60 14. 30.5

Sodium (Na) 436 - 1,100 14 -
........

(1) Bayer, 1981
(2) Becfle & Clayton
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is dried with the yeast. The high mineral content is due to the fact that whey minerals are

included with the yeast when the whole broth is dried. The minerals not needed or assimilated

by the yeast will remain in the broth. Thus the mineral concentration of the Kluyveromyces

marxianus/whey product is more than double the standard levels (18-20_ versus 5-7% in

washed yeast). This high mineral content could be reduced by washing the ceUs, but this would

required extra processing, and the production of a waste water stream. It was suggested by Shay

et al (1985) that the mineral content could be reduced by the addition of some further sugars to

the broth such as sucrose, glucose or corn syrup.

Other Nutrients; complex :_utrientssuch as yeast extract, malt extract, and corn steep Liquor

are suggested by a number of researchers, but the cost of these nutrients, particularly yeast

extract, is high. Micronutrients such as niacin, biotin, and pantothenic acid are suggested by

Shay and Wegner (1985). A table describing nutrient concentrations as determined by of a

number of different researchers growing yeast was presented by Oura (1974).

Oxygen.

Supplying dissolved oxygen to the growing yeast is one of the most critical, and power con-

suming parameters involved with yeast production. Oxygen is only sparingly soluble in water,

with a saturation level of 8.5 ppm at 25°C (1.26 mole/l). Sugars and salts reduce this solubility

further, with a 1M NaC1 solution reducing the saturation concentration of oxygen to 6 ppm yeast

will be met. As previously stated, when oxygen is available, the yeast will convert sugars using

a respirative pathway, while ff oxygen is absent, the sugar wiLlbe converted to ethanol. The dis-

solved oxygen lee.el at which the organism has sufficient oxygen to respire or have its oxygen

needs met is termed the critical oxygen value. Baily and O1Lis(1977) list a critical oxygen value



foryeastas0.5% at35C,and0.2% at20C. Yeastneedtraceoxygenevenforanaerobicfermen-

ration.CysewskiandWilke(1978)showsthatoptimalfermentativeethanolproductivityoccurs

atanoxygentensionof0.Imm Hg or0.06% ofsaturation(saturationoxygentensionwouldbe

152 mm Hg). They also show that the sugar metabolism changes from fermentative to respira-

tive at 1.7 mm Hg (1.1% of saturation) for a Saccharomyces type yeast. Other researchers (Von

Stockar and Birou, 1989) show that there is no solvent production as long as even 0.5% dis-

solved oxygen (DO) is measured in the fermentaion broth, although yeild drops about 3% at

0.5% DO compared to higher DO levels. Moresi et at (1990) show good biomass yields at DO

of 0.5%, although yeilds drop when feed rates are higher than the oxygen supply capabilities of

the reactor. (I would suspect that the DO readings are not too accurate, i.e. 0.5-2% may have

been nearer to zero). Therefore, critical oxygen values for K. fragilis would seem to be in the

range of 0.5-1%.,so that as long as DO levels in the fermentation broth are held at 1% or higher,

all oxygen needs of the ceils are satisfied for the respirative _xidation of sugars.

Oxygen is generally introduced to a reactor through a gas sparger, with a turbine used to help

break-up the bubbles and improve mass transfer of oxygen with-in the bubble to the fermenta-

tion broth. There is a large body of information on the oxygen transfer capabilities for this sort

of standard 'chemostat' bio-reactor. Oxygen transfer as a function of gas flow rates and turbine

speed are developed for each reactor s'oas to be able to provide the required oxygen to the ceils.

Oxygen transport is often a limiting factor on yeast growth. Actively growing yeast may require

0.3 g 02/hr*g ceil, white the dissolved oxygen saturation in air is ordy 6-9 ppm. Thus an

actively respiring yeast ceil density of 20 g/l will require about 6 g/l*hr, so that the 6 ppm avail-

able in the original brota will need to be replaced 1,000 times within that hour (in fact an oxygen



saturation of about 20-50% will probably be reached, so that actual replacement times are prob-

ably 2,000-5,000 per hour). Wasserman (1960) reported a maximal oxygen utilization rate of 8

g/l*hr in the batch fermentation of whey, but noted that a Waldorf type aerator could only pro-

vide 4.8 g/l*hr on a continuous basis. The ability of a reactor to provide the oxygen to the cells

is described as:

=kta(c*o-co2 t4J

where kl is the mass transfer coefficient, a is the gas-llquid interracial area, and co2 is the con-

centration of oxygen in the liquid. Kta values are often combined into a single value. Blakes-

brough & Morresi (1981) show kta values of 200.--1200hr -I for a conventional sparged stirred

bioreactor. This would corespond to an oxygen transfer rate of between I and 6 g/l hr based on

20% DO maintained in the reactor. Moresi et al. (1990) show that the Limitsof their laboratory

fermenter for oxygen transfer was about 4 g/l*hr, as once the sugar feed rate went above 8

g/l*hr, the ability of the reactor to utilize the sugar drops. Wasserman and Hanson (1960) deter-

mined an oxygen transfer effectiveness of a number of turbine types and got rates of oxygen

transfer ranging between 2 and 12 g of oxygen/l'hr. This compares to a maximal batch oxygen

utilization rate of 9.6 g 02/l*hr (5 mole/l'rain) for high rate yeast growth.

The net oxygen demand for yeast growth has been calculated by a number of researchers.

Moresi et al. (1990) (Eq. 2) determined a yield (Y x/o) of about 1 g yeast per g oxygen con-

sumcd. This corresponds to a Y o/s of 0.6 g 02 per gram sugar metabolized. Moo-Young

(1975) show a Y o/s of about .45 g 02 per g sugar. Wasserman (1960), using a Warburg

respirometer, determined that 150 micollters of oxygen were utilized to consume 500 mg lac-

tOSe,while on a lab scale reactor it was determined that 12 to 14 liters of oxygen were required

toconvertoneliterofsinglestrengthacidwhey (48g/Ilactose,5 g/llacticacid).Thisis17g of
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oxygen per 55 g carbohydrate,or aY o/s of .31 g 02 perg sugar.

Shay and Wagner(1985), developed a reactorwith very high 02 transfercapabilitieswhich

allowed the productionof up to 35 g yeast/l'hr. This meansthat the oxygen transfercapabilities

of this reactor are at least 35 g/l*hr, about 10 times higher than conventionalsparged,stirred

reactors. This mass transferabilitywas attainedby the enrichingof the airspargedin oxygen.

With this new technology reactor22 g/l*hr cells were able to be producedwith un-enrichedair,

which correspondsto 22-25 g/l*hrof 02, still 5-6X betterthanconventionalreactors.

Power Utilization

Obviously, oxygen transfer is critical to yeast growth. In conventionalreactors,the gas is

spargedinto the bottom of the reactorbelow an agitator. Powerrequirementsfor air compres-

sion and stirringare large. A higher aerationrate and stirring velocity improve mass transfer,

however, these inputs require more energy. Blakesbouragh and Moresi (1981) show

kta = 9.5x 10-3 * N 1"76* V_32whereN is RPMand Vs is the superficialairvelocity in the reac-

tor (airspargingrate). Similarily,Vogel (1983) shows that oxygen transfer of 2.3 g/l*hrcan be

attainedin a stirred,spargedfermenterwith angas rate of 5.3 VVM, at a power inputto the pro-

peUerof 2 HP/1000gal, while ff the power is increasedto 4 I-IP/1000gal (higherpropspeed), an

oxygen transferrateof 5.4 g/l*hrcan be reached. Air compressioncostsmust then be added. To

add air to a 30,000 gallon fermenterwith an H_ ratio of 3, a 350 HP compressor is required.

Total energyrequirementsto runthis tank are thus about470 HP, if an02 transfer rate of 5.4

g/l* hr is desired.

Finally, yeast growth, stirringand aircompressiongenerateheat, so the fermentermust be



designed to remove large amountsof heat. Heatremovalcoils mustbe mountedin the fermenter

to remove the heat energy. These coils add to capitalcost of the reactor,and the cooling water

needs increase operatingcosts.

High energy costs associated with aeration and stirring, along with high capital costs

requ/redfor yeast fermenters, yeut separation(centrifuges)and drying (roller or spray), cause

the cost of yeast productionto be high. Malorellaand Castillo,1984, in aneconomic analysis of

yeast productionfrom whey permeate,calculated the profitper poundof yeast produced from

whey permeateto be approximatelynegative$0.53/# assumingyeast paste could be sold wet at

$0.22/#. In other words, yeast productionwas alosing proposition(basedon theiranalysis)even

withoutincurringthe expense of drying theyeast.
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Procen Improvements

The costsuso_atecl with makingyeut couldbereducedby:

a) reducing the cost of the fermenter

b) reducing the energy costs associated with stirring,

c) reducing the capital and energy costs associated with cooling

d) reducing the capital and energy costs usociated with aerating (oxygen transfer) in the

bioreactors

e) making hi_ concentrations of yeast which can then be dried with the broth, eliminating both

the need for yeast separation and the generation of large volumes of waste water.

Shay et al. ( 1985, 1987) with their efficient reactor showed that it was theoretically possible

to produce yeast at very high concentrations, and thus meet the goal e) as listed above. How-

ever, their reactor is expensive to build and operate, and the power input and cooling require-

ments are high. By moving to a CSTR type reactor, Shay et al. were able to achieve a nearly

constant yeast production yield (Y x/s) of 0.45, an efficiency of 75% (based on a theoretical max

of 0.6g cells/g sugar) which is nearly as good as anyone has reported even at low feed concentra-

lions (Table 1). In a CSTR type reactor, substrate concentration is held low. When yeast see

high concentrations of sugars/salts, cell mass yields drop and ethanol/solvent production

increases. Mahmoud and Kosikowski (1982), show yields (Y x/s/0.6) of between 6 to 13%

efficiency with 3 to 6% ethanol produced when a 30% demineralized whey permeate solution

was aerobically fermented.

Proposed Reactor Design- A gas continuous, immobilized cell yeast generator has been con-

ceptualized. Dale et al, (1991) suggested the use of this sort of reactor for the reduction of dairy
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waste water BOD for low level multiple 8ubstratefeeds ( lactose, ethanol,lactic acid, and gly-

cerol). Under the sponsorshipof _, Dale has been continuing the development of this

work,andhas a Ph.i_)studentactively developing the system currently(Salicettiet al, 1992). W.

Harrisof Kenyon Enterprises,saw that this reactortechnology mightalso be applicableto yeast

productionfromconcentratedsugarstreams.
l

Harrisand Dale have collaboratedon thisproject,developing a gas continuousImmobili-.ed

Cell Yeast Reactor(ICYR). A basic sketch of an ICYRis shown in Figure I which shows the

design flows and power inputs to a I0,000 liter ICYR unit. As per Figure I, this unit has an

estimatedyeast productionrate of 10-15 g. yeast/liter*hr, leadingto theproductionof I00 I_ of

yeast/hr (220 #/hr) with 140 Kg/hr(308 #/lu')of dryyeast/mineral productcoming off a dryer

behind the ICYR. Total power requirementsfor liquidrecyclingand airdelivery are only 4 lIP,

for a energy cost of $0.0005/# dry product. This compares to an energy cost of $0.065/# for

electricityand cooling water as determinedby Maiorellaand CastiUo(1984) for a conventional

yeast fermenter. Thus the ICYR is able to reduceenergyrequirementsforyeast productionby a

factorof over 100X.

ThisICYRdesign has the following advantagesoverconventionalyeast production:
I

1. eliminationof cooling waterrequirements-no cooling tower, no cooling coils, etc. Cool-

ing requirementsare met by the inlet air stream; the temperatureof the reactoris easily

controlledby reducingthe temperatureor RH of theinlet air.

2. eliminationof the need for a high pressureaircompressor-for this size reactor,nominally

a 40 HPpositive displacement aircompressorwould be required,instead, a one HP low

pressurecentrifugalblowercan provideall the airneeded for the ICYR.
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3. elimination of agitation requirements, in a conventional fermentor, a 12 HP stirrer would

be used, while for the ICYR, a 3.0 HP pump can recirculate the yeast broth to provide a

3.5 GPM/ft2 circulation rate.

4. elimination of centrifugal cell harvesting. Centrifugal yeast separators are both expensive

to purchase and require large motors. By moving to a concentrated feed, no centrifuge is

required, as the cell broth is highly concentrated in yeast within the reactor. Nominally, a

centrifuge can give a 15 to 18% solids yeast cream, while the ICYR, with no centrifuge

should give a 14% solids yeast cream.

5. elimination of waste water generation. The process suggested concentrates all the yeast

broth, including the whey minerals and other trace compound. If a centrifuge is used, the

clear broth separated from the yeast will be a waste water stream, with a BOD of 6-8,000

ppm- high in phosphates and calcium, which will have to be treated in an on or off-site

waste water treatment facility. This compares with the ICYR where the only output from

the system is CO2. The product stream is high in minerals (18-20%) making the product

somewhat different from a standard 'washed yeast' product (5-7% minerals).

The elimination of all these auxiliary components normally associated with yeast production

can reduce capital requirements by a factor of 10 for the ICYR system, and total energy require-

ments by a factor of 3 (drying the yeast still requires heat input) as compared to normal yeast

production. We are thus quite optimistic about this technology allowing the profitable produc-

tion of yeast from whey permeate. Oxygen transfer is accomplished by the air flowing down

between the plates containing immobiliT_ed cells. Preliminary design of plate spacings gives a

mass tranfer area of 450 m2/m3 (0.45 m2 per hter of packed reactor volume), this compares well

i I III III I I_ IWl
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to a stirred agitated bioreaetor with 2.5 mm average bubble size, and an air hold up of 100

ml/liter which gives a mass transfer area of 0.24 m2 per liter. Oxygen mass transfer rates of

between 10 and 25 g/l*hr are expected, which would translate to a yeast production rate of 10 to

25 g/l'hr. The lower value, 10 g/l*hr, was used in our calculations.

Kenyon Enterprises built and operated a test 200 liter ICYR during November and December

with design, equipment, monitoring and operational consulting input from Dale at Purdue. This

test successfully demonstrated that:

1. the reactor could be run continuously for extended periods of time under non-sterile concU-

tions and still produce only the desired product.

2. reactor cooling and temperature stability could be easily regulated by the saturated air

temperature inlet to the system.

3. stable, low maintenance, low labor operation was demonstrated.

Unfortunately, yields (gram yeast/gram lactose utilized) were not particularly good based on

preliminary analyses. A very high level of whey solids (35-40%) was fed for much of the tests,

which was then concentrated further by the addition of nutritive salts,resulting in a high solution

osmolality. This high osmolality tends to move the fermentation towards ethanol production

rather than yeast production as discussed previously. It is also possible that oxygen transfer may

have not been adequate as rather low DO readings were noted. (Oxygen transfer capabilities of

the system must be matched with the feed rate. Feed sugar rates higher than the maximum oxy-

gen transfer rates will lead to anaerobic conditions and solvent production.)
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Lab Scale ICYR Results

A 600ml ICYR was built as per the diagram in Figure 2. This reactor has been undergoing

continuous testing since June of 1992. It has been run using various concentrations of whey per-

meate and nutritional supplements. For the first 4 months of operation (Iune through Nov.), the

nutrional supplements suggested by Wasserman (5 g/l potassium phosphate, 10 g/l ammonium

sulfate, and 1 g/1 yeast extract per each 50 g/1 whey solids in the feed) were used. Yeilds at high

solids were not particularly good. It was possible to utilize the lactose, but yeast solids as deter-

mined by optical density were much lower than would be expected based on a expected value of

0.48 yeild (Y x/s). It was decided, based on the low yields, that high solution osmolality was

probably contributing to production of solvents rather than cells. Adding the nutrients as salts

(NH4SO4 and K2HPO4) was increasing the net osmolatity of the solution. Therefore, we

moved to adding ammonia as ammonium hydroxide, with the addition being controlled by a pH

controller. The addition rate was monitored by weighing the bottle. A trace mineral supplemen-

tation as suggested by Shay and Wenger (1986) and Bayer (1981) was implemented with

ammonia delivered as either a pH control or added to the feed. Phosphoric and sulfuric acid

were added as suggested by Shay and Wenger (1986).

A feed concentration of 5% was fed until a yeild of .48 was obtained (effluent cell density of

22 g/l), after which the feed strength was increased to 10-12% solids (100 g/1lactose). This sys-

tern has been run on a continuous basis since Dee. 17th. The yeild over time is shown in Figure

3. It can be seen that yeilds varied between .1 and .45, with average yeilds of between .2 and .3

noted. Cell density over time (Figure 4) follows closely the performance shown in Figure 3,

with higher cell densities corresponding to higher conversion effieiencies. Oxygen levels were
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checked, and tended to fall between 15 and 35% of saturation. Lower conversion efficiencies

were obtained when the solids level was raised to 20% on day 20. Even the actual cell density

dropped as seen in Figure 4. We are currently feeding a 20% feed, but are not getting particu-

larly good conversion ratios. The experiments to date seem to indicate that quantitative yeilds of

better that 0.4 can be obtained using our reactor and strain 2415 of K. fragilis at feed concentra-

tions of up to 12% solids, but that higher feed concentrations do not allow good yeilds. This is

contrary to the results determined by Shay and Wenger (1986) who state that feeds of up to 30%

sohds gave good (0.45) conversion efficiencies. This work is continuing, with some experiments

on yeild as a function of feed osmolalit_ being performed along with operation of the 600 ml test

reactor with 20% feed.

The actual productivity of the reactor is shown in Figure 5, and we see that yeild of yeast

range from 0.5 to 3.5 g/1-hr, with one point of 9 g/1-hr being determined. In general, we were

more interested with complete lactose utilization than high rate conversions, as higher

throughput means having to prepare feed more often. We would predict rates of 2 to 10 g/1-hr

for this reactor system if lactose levels of greater than 0.5% are maintained.

Discussion-Geic and Kosikowksi (1982) show yields dropping from 0.15 g yeast/g lactose at

40 g/l lactose to 0.09 g/g at 115 g/1 lactose in whey permeate solutions. Beausejour et al (1981)

show the generation of solvent metabolites when a single strength whey was aerobically fer-

mented with a yield of 0.25 g cells/g lactose obtained. Marison (1987) shows ethanol being

generated even when DO is maintained at 80% during the batch fermentation of whey. Based on

the literature a 3 to 5% whey permeate solution is probably the maximum which will allow

'pure' aerobic respiration leading to cell growth. Based on osmotic studies by Dale et al, 1990,
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3-4% WP corresponds to a total solution osmolality of 0.13-0.17 os/kg. Whey minerals contri-

butean osmolalityofabout0.04-.06os/kgforsinglestrengthwhey permeate(6.0%TS),which

wouldindicatethatat4X, or24% solids,thewhey mineralsalonewillberesponsiblefora solu-

tion osmolality of 0.16-0.24 os/kg. Shay et al. (1987) however, state they obtained constant 0.45

g/g yields up to a feed concentration of 30% whey permeate solids in a CSTR type reactor. At

30% solids, whey minerals will be contributing to a total solution osmolality of 0.27 os/kg, so

apparently respirative metabolism (with the strain of yeast used by these researchers) was main-

tained up to at least this osmolality. (Some of the yeast minerals are metabolized or consumed

by the yeast, as the yeast tends to have an internal mineral content of 5-7%, suggesting that of

the total 18% minerals in dried whey/yeast, 11-13% are free minerals which are contributing to

the solution osmolality. Thus actual solution osmolality due to whey minerals may be reduced

by 33% due to mineral uptake by the yeast. This would reduce the osmolality of the minerals

remaining in Shay et al.'s 30% feed from 0.27 os/kg to 0.18, which is below the suggested maxi-

mal osmolality of 0.24 os/kg suggested in this report as a limit below which there can be 'pure'

respirative sugar utilization, with no production of solvents). We intend to test a few different

strains of yeast (K. marianus) to determine the effect of osmolality, but the experiments to date

are quite positive, and the ability of this reactor to produce a mineral yeast stream from 10-12%

whey permeate is well documented.
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Appendix 4.1
Foods



FOODS - Food Operations Oriented Design System:

A Steady State Process Design and Analysis Program

Progress Report - 3/15/94

Sunlmary:

The overall goal of the FOODS project is to develop a user-friendly software package

to aid in the design and analysis of food processing systems. A multi-media package has been
explored and rejected as a possible user-interface for the FOODS program. Similar programs
designed for other industrial fields are currently being evaluated and compared to FOODS

in order to generate ideas for improving and updating FOODS. A few unit operations are in
the processes of being generalized and converted into the C programming language.

Authorware TM Statu_

Authorware TM is an object oriented Windows programming software package developed

by Macromedia, Inc. A more detailed description of Authorware is enclosed. It came highly
recommended as an environment in which to create a more user-friendly interface for

FOODS. Further, it was suggested that the entire FOODS program be converted into the

Authorware language which would thoroughly document the program and make adding new

unit operations quite simple.
The first major limitation of the Authorware programming environment was

discovered when we tried to construct a flowsheeting screen. We had envisioned creating a

flowsheet screen in which unit operation icons could be randomly connected into processes.
Due to Authorware's linear structure, branching was found to be impossible. That is,

Authorware can only pass stream data from one unit operation to another along the primary
stream; secondary streams could not be branched off for the construction of other processes.

A second major limitation was found after a number of the FOODS FORTRAN

mathematical functions were reprogrammed in Authorware. It was discovered that the
environment has only a single one-dimensional array. Attempts to overcome the array

limitation can be seen in the function enthc.f (Appendix A). All array elements were made
into variables. The number of variables that would be created in converting FOODS to

Authorware would quickly exceed Authorware's capacity.

Authorware's is primarily a multimedia tool for interactive learning. While the
Authorware environment has been found to be incompatible with the goals for FOODS, it

does offer excellent potential for individual instruction. Tutorials covering such topics as unit

operations, economics and optimization can be programmed to complement the FOODS
program.



Table 1. Broad characterization of computer-aided design packages.

Input/Output Generall
Units Eng. Eng.; SI; Mix SI
Language FORTRAN FORTRAN C
Modes of Operation Continuous ..... Continuous . Batch & Cont.
Input:
Type Q & A Flowsheet; Menu; Flowsheet; Menu

ASPEN language
Change while entering no yes yes
Reload& change no yes yes
ProblemDefinition yes;70 characters yes no
MaterialStream Specs:
Flow mass mass;mole;vol. mass
Breakdown nutritional pure substance pure substance

component
Other P,T P,T,phase P, T,extracellular

fractions

Heat...and Work Streams .... notseparate , separa_ ..... not separate
Output:
Tables extensive extensive extensive

equipmentspecs
Plots no yes limited .....

Thermal/Physical .......
Properties:
Data Banks selecteditems ASPEN SET (400+) selecteditems

UserDefined selectedquestions In-House limitedoptions
User-Defined

..M.odels. limited . 44 optionset ?

Program General:
UnitsOperations seelist seelist seelist
User-definedUnit no yes no
Operations
Convergence yes varietyofalgorithms Bounded Wegstein
Optimization cost anyvariable none
Economics 5 options ? .... yes_OPtiOns?
Studies:
Sensitivity no yes yes
Case .. no . yes .... no ....

Help:
UnitOperations no yes yes;editable
escription

On-line.... no yes .... yes
Error Detection:
Flow check no yes yes

Historyfile ........ yes no ....



Table 2. Unit operation options included in each computer-aided design package.

'f , , , ,,,,', , ,, , ,

FOODS ...... ASPEN PLUS BIOPRO
, ,: ,,, = , ,

Mixer Mixer
Splitters:
Flow Flow Flow

Component (2) Co.mponent

Heat Exchangers:
Plate Heater/Cooler(1side) Plateand Frame

Co-& Counter(2side) Spiral
Mtdtistream Shelland Tube

Filters:
Ultrafiltration Ultrafiltration
ReverseOsmosis ReverseOsmosis

Membrane
Diafilter

Rotary Vacuum
Plate and Frame
Dead End
Air Filter

Pumps & Compressors:
Centrifugal Pump/HydraulicTurbine Centrifugal
PositiveDisplacement

Compressor/Turbine Compressor-Centrifugal
Mech. VaporRecompression Multistage

C0mpressor/Turbine

Separations:
Absorber Absorber/Stripper Absorber& Stripper
Adsorber

Adsorption-Desorption
Distillation ShortCut Distillation ShortCut Distillation

ShortCut RatingDist.
S.C.forComplexColumns
Flash-singlestagesep.
RigorousFractionation

MultipleEffectEv.aporator MultipleEffectEvaporator

Dryers:
Spray Dryer

Flash Drum

FluidBed Dryer

Centrifuges:
Centrifuge Disk-Stack

Basket
CentrifugeExtractor



Table 2. (continued).

FOODS ASPEN PLUS BIOP_tO

Reactors:
Fermenter Continuous Stirred Continuous Stirred

WellMixed
AirLii%

PlugFlow Plug Flow
Batch
Stoichiometric
Yield

Cryst_J]_.er

H-midification
c_i_cation-Co_

Cell Disruptors: High Pressure
Homogenization
Bead Mill

Chromatography: Gel Filtration

Ion Exchanger Ion Exchanger

Tanks: Blending
Storage (V, H); Receiver
Decanter

Cyclones: Cyclone
,,lone



Appendix A - enthc.f in Authorware

--This subroutine calculates the enthalpies of a water, etoh, co2 system.

tk :=((ti-32.0)/1.8)+273.15
tr:=tl+ 460.0

ala:=9.014
a2a:=32.243
a3a:=19.795
bla:=O.2140
b2a:=1.923*EXP10(-3)
b3a:=0.07343
cIa:=-8.39*EXP10(-5)
c2a:=l.055*EXP10(-5)
c3a:=-5.601*EXP10(-8)
dla:=1.373*EXP10(-9)
d2a:=.3.598*EXP10(-9)
d3a:=i.715*EXP 10(-8)

xi:=20473.9
x2:=21988.5
tdi:=0.68095407
tdwl :=0.5767696

cp la:=(ala+(bla*tk)+(cla*tk**2)+(dla*tk**3))/4.187
cpSa:=(a2a+(b2a,tk)+(c2a*tk**2)+ Id2a*tk***3)_.4.187
cp3a:=(a3a+(b3a*tk)+(c3a*tk**2)+ta_a%k* 3))/4.187

del:=tr-420.D
y1:=ye/_,co

z:=ynq co
_:=tr_29.49
tdw2:=tr/1165.11

IF(jfl,hl:=cp3a*del+(y_l*(_la*del+xl))+(y2*(_2a*del+x2)))
IFCi=1,hvap ia1:= 16668.099"_j (((1.O-td2)/(1.0-tdlL1))**0.38))
IF_= 1,hvap la2 :=17481.465"((( 1.O-tdw2)/(1.0-tdw 1))**0.38))

IF(jf2,h2:fcp3a*del+(y_l*(cp.la*del+xl))+(y2*(cp2a*del+x2)))
IF =2,hvap2al:=16668.099* 1.0-td2)/1.0-tdl **0.38))
IF_-2,hvap2a2 "=17481.465"III 1.0-tdw2_/(1.0-[t_w1))"0.38))

IF(j=3,l,;3:=cp3a*del+(yl*(_la*del+xl))+(y2*(_2a*del+x2)))
IF(i=3,hvap3al:=16668.099* 1.0- )t 1.0-tdl **6.38))
IF_=3,hvap3a2:=1748 I. 465"1111.0-_]2W2_/(1.0-i_ 1))*'0.38))

IF(j=4,h4:=cv3a*del+(yl*(cvla*del+xl))+(y2*(cp2a*del+x2)))
IF =4,hvap4al:=16668.099 _ 1.0-td2)/1.0-tdl **0.38))
IF_=4,hvap4a2:=17481.465"I/I 1.0-tdw2_(1.0-Lt_wl))**0.38))

IF(j=5,h5:=cv3a*del+(y l*(cvla*del+xl))+(y2*(cp2a*del+x2)))
IF =5 ,hvapSa1:=16668. 099_ 1.0-td2)_ 1.0-tdl))**0.38))
IF_=5,hvapSa2:=17481.465"III 1.0-tdw2_/(l.0-_w2))**0.38))

IF(j=6,h6:=cu3a*del+(yl*(cvla*del+xl))+(y2*(_2a*del+x2)))
IF =6,hvap6al'=16668.099 _ 1.0-td2)l 1.0-tdl **6.38))
IF_=6,hvap6a2:=17481.465*llll.O-tdw21i(l.0-_)wl))**O.38))

IF(j=7,h7:=cu3a*del+(yl*(c_la*del+xl))+(y2*(_.2a*del+x2)))IF =7,hvapTal:=16668.099 1.0-td2)/(1.0-tdl * 6.38))
IF_=7,hvap7a2:=17481.465*f//1.0-tdw2)/(1.o-_Wl))**0.38))

• * * * *IF(i=8,hS:=cv3a del+(yl (cvla del+xl))+(y2 (_2a del+x2)))
IF(_=8,hvapSal:=16668.099 _ 1.0-td2)/(1.0-tdl **0.38))
IF_=8,hvap8a2:= 17481.465 *f//1.0-tdw2)/(1.0-t_wl)) **0.38))

IF(jfg,hg:fcp3a*del+(yl*(cpla*del+xl))+(y2*(cp2a*del+x2)))



IF(j=9 ,hvap9al:= 16668.099"(((1.0.tc]2)/(1.0-tdl))**0.38))
IF(]=9,hvapga2 :=17481.465*((( 1.0-tdw2)/( 1.0-tdw1))**0.38))

IF(j=10,hl0:=co3a*del+(yl*(cola*del+xl))+(y£_cl_£a*dei+x2)))
IF =10,hvap10al:=1666B.09g* 1.0.td2)/1.0-tdl **0.38))

IF(j=ll,_hll:=co3a*del+(y1*(cola*del+xl))+(y2*_(cp2a*del+x2)))
IF =11,hvapllal:f16668.09g*10-td2)/(1.0-tdl**0.38))



Appendix A- enthc.f in FORTRAN

subroutin e enthc(t 1,ye,yeo,yh j ._ _hvap)
c program to calculate _e ent/i_lpies of a water etoh co2 system
c s. Havlik 7-26-88 updated: 7-27-88
C

c tl y Deg. F
c yem = e_hanol vapor cone..molar
c yh = water vapor cone. molar
c yeo =..co2 vapor cone. molar
c j-position
c ,h = vapor enthalp_
c nvap = enmmpy of vaporization of liquid
c
c implicitdoubleprecision(a-h,o-z)

dimensiona(3),5(3),c(3),d(3)
dimensionh(ll),hvap(11,2),cp(3)
realtl,tk,tr

c
tk=((tl-32.0)/1.8)+273.15
trftl+460.O

c write (6.122)tk,t,r,tl , , ,
122 format(//3x,'_= ,f9.2,3x,'tr= ,fS.2,3x, if= ,f8.2/)
C
c ethanol= 1
c water = 2
c co2 = 3
C
c constants for the heat capacity equations

a(1)=9.014
a(2)=32.243
a(3)= 19.795
b(1)=.2140
b(2)= 1.923e-3
b(3)=.07343
c(1)=-8.39e-5
c(2)=1.055e-5
c(3)=-5.601e-5
d(1)fl.373e-9
d(2)f.3.596e-9
d(3)ffil.715e-8

c
c j = positionincondenser
c k= componentnumber
c determinetheaverageheatcapacityofeachcomponent
c atthevavortemperature

do Ii0 i=1,3
cp(i)f(a(i)+(b(i)*tk)+(c(i)*tk**2)+(d(i)*tk**3))/4.187

110 continue
x1=20473.9

x2=21988.5
C
c h = gas stream enthalpy component j

de-lftr-420.0e

yl-ye/yco
y !_Z=yll/¥CO •

h(j)=c_3)'del+(yl*(cv(1)*del+xl)).(y2*(cp(2.) del+x2))
c output values for individual component enthalpies
c

td1=.68095407
td2=tr/929.49

hval_(j, 1)=16668.099"((( 1.0-td2)/(1.0-tdl))**.38)
tdwl=.5767696
tdw2=tr/1165.11

$ $,hvap(j,2)=17481.465 (((1.0-tdw2)/(1.O.tdwl)) .38)
return
end
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