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Project Objectives:

The basic objective of this project is to convert waste saeams from the food processing industry
(and eventually agricultural and municipal wastes) to usable fuels and chemicals using novel biore-
actors. These bioreactors should allow economical utilization of waste streams (whey, waste sug-
ars, waste starch, bottling wastes, candy wastes, molasses, and cellulosic wastes) by the production
of ethanol, acetone/butanol, organic acids (acetic, lactic, and gluconic), yeast (from both high and
low level substrates), diacetyl flavor, and antifungal compounds. Continuous processes incorperat-
ing various processing improvements such as simultaneous product separation and immobilized
cells are being developed to allow commercial scale utilization of waste streams. The production
of ethanol by a continuous reactor-separator is the process closest to commercialization, with a
7,500 liter pilot plant presently sited at an Iowa site to convert whey lactose to ethanol.

Current Research:

1. Pilot (7,500 liter) scale conversion of whey lactose to ethanol in an Immobilized Cell Reactor
Separator. This reactor was constructed during 1992, installed by 6/93, and is currently under-
going production trials. Feed handling, reactor seeding, start-up, shutdown, clean-up, and
sterilization procedures are being developed at the plant site.

2. Mathematical, lab and pilot studies of an Solvent Absorption-Extractive Distillation (SAED)
process for the low energy recovery of anhydrous ethanol from ICRS type reactors.

3. Lab and pilot (200 liter) studies on production of yeast from highly concentrated whey and
syrup streams. It is hoped this process will allow the elimination of centrifugal harvesting of
the yeast crop as well as reducing the capital and energy costs associated with yeast produc-
tion.

4. Lab scale studies on BOD reduction of distillery wastes and other high BOD waste water
streams using a dual culture of yeasts in a new bioreactor are underway. It is hoped that this
reactor will allow the conversion of BOD into a salable feed yeast stream. One graduate stu-
dent (L. Saliceti — PHD in Chemical Engineering) is doing fundamental studies on cell growth
kinetics on multiple substrates, while lab scale trials on actual and simulated wastes is being
performed by Dale and Moehlman

5. Lab scale studies on lactic acid production from whey lactose. One graduate student (Nelson
Borges — PhD Chemical Eng) is following up on a previous student's (K. Venkatesh — PhD
Chemical Eng) work on design and modeling of lactic acid production. Membrane extraction
is being evaluated as a method of purifying the LA from the fermentation broth.

6. No-cook conversion of waste starch/corn grits to ethanol in a continuous stirred reactor sepa-
rator. Eliminating the cooking process from the starch conversion process can save a signifi-
cant fraction of the energy used in ethanol production. We have established the feasibility of a
'no-cook’ process on the lab scale using two different systematic techniques.

Lab scale conversion of high brix candy wastes to ethanol in a stirred reactor separator.
8. Lab scalz conversion of xylose to ethanol with various strains of yeast.

9. Lab scale conversion of cellulosic materials to fermentable sugars. A reactor involving simul-
taneous enzymatic conversion of cellulose to glucose to ethanol will be operated. We are
beginning a cooperation with Xylan Inc. who have developed a pretreatment process for wood



chips/corn stalks/straw/waste paper.

10. Lab scale conversion of waste glucose to gluconic acid in a continuous immobilized cell reac-
tor.

11. Plant cell culture conversion of waste glucose to antifungal agents. Enhanced production of
the desired product is being attained by immobilizing, permealizing, and eliciting the genera-
tion of the antifungal compound from immobilized plant cells.

12. Development of a food processing unit operations computer modeling package for the design
and economic comparisons of various food, fermentation, and waste stream utilization pro-
cesses. This package, termed FOODS, has been worked on for the last several years and is
used in teaching food process engineering at Purdue.

Estimated Annual Energy Savings in Year 2010.

Energy savings will accrue from

1. CRS for ethanol production from food wastes — If we assume that 40% of the high sugar/
starch food wastes produced in 2010 are converted to ethanol — with the total fermentable
food processing waste volume estimated at 2.85e10 #/yr, 0.88e9 gallons of ethanol could be
produced.

a) Fuel energy created @ 84,000 BTU/gal -----> 7.4e¢13 BTU/yr

b) Energy saved over conventional ethanol tech. -----> 1.9¢13 BTU/yr

c) Energy saved from not treating these sugars as waste @ 1KW-h/1 # BOD ----- >4.0el3
BTU/yr

2. utilization of the CRS lower energy technology for conversion of corn/starch to ethanol - if
20% of ethanol producers switch or upgrade from current energy usage of 40- 60,000 BTU/
gal to the Purdue technology with an estimated energy usage of 28,500 BTU/gal., and 50% of
the new add-on ethanol capacity expected by the year 2010 (Current ethanol production is out
0.95 billion gal/yr, while Year 2010 is conservatively estimated at 1.96 billion gal/yr (Eth.
Alert, Neb. Energy Office, Aug, 1992), so .19 billion gal due to upgrade, .51 billion gal due to
new capacity using CRS technology leads to 0.7¢9 gal. ethanol from corm/starch in year 2010.

a) Fuel energy created @ 84,000 BTU/gal ----- > 5.8¢13 BTU/yr
b) Energy savings over conventional technology ----- > 1.5e13 BTU/yr

3. utilization of the CRS lower energy technology for the conversion of waste paper to ethanol —
Assuming 20% of waste paper is used as a feed stock at .35# ethanol/# paper, and 1.5e11#
paper per year is produced (Opportunities for Energy form MSW, Goodman and Walter, 1990)
1.6e9 gallons of ethanol will be produced.

a) Fuel energy crated @ 84 MBTU/gal ----- > 1.3e14 BTU/yr
b) Energy savings over conv. tech. ----- > 3.52e13BTU/yr
¢) Landfill volume reduced @ 15#/ft3 ----- > 2e9 ft3/yr

4. Utilization of biomass crops/municipal yard wastes for ethanol w/CRS technology — Assum-
ing 18 billion #/yr are used in ethanol production with .3# ethanol per pound biomass ----- >
0.5e9 billion gal/yr.

a) Fuel energy created @ 84 MBTU/gal -----> 4.2e13 BTU/yr
b) Energy savings over conv. tech. -----> 1.1e13 BTU/yr
c) landfill space for 50% which are MYW @ 5#/ft3 -----> 1.8¢9 ft3



5. utilization of our low energy technology for yeast production from high level waste sugar
streams and other sugar sources- assuming 30% of yeast produced in 2010 (10 million#/yr.) is
produced by Purdue-DOE technology. This results in the production of 4.5¢7# yr of yeast
product.

a) Energy savings over conventional technology (0.3 from 1.6 KW-h/#) -----> 2.0e8 BTU/

b) Energy saved from not treating these sugars as waste @ 1KW-h/1 # BOD ----- > 3.5ell
BTU/yr

6. Utilization of Purdue-DOE technology for yeast production form low level BOD waste water
from food processing plants -- assuming a waste water discharge of 100,000 gal/day @ 20,000
ppm BOD reduced to 5,00 ppm from 500 plants nationwide leads to the elimination of 4.6e9 #
of BOD per year in the year 2010.

a) Energy savings over treating these wastes @ 1 KW-h/#BOD -----> 1.6e13 BTU/yr
b) Production of 1.15e9 # of fodder yeast worth $0.05/# or $54,750 income per plant.

7. Utilization of Purdue-DOE extractive fermentation for lactic acid from waste sugars. Energy
use in lactic acid is largely due to purification costs. We are attempting to reduce these costs
with an extractive system, however, we are not far enough along to begin to quantify the
energy savings.

Economic Attractiveness

The Purdue ethanol process offers a lower capital method for ethanol production. Capital costs
for an add-on type arrangement for a waste sugar generator to add an ethanol production unit to his
facility are estimated at only $1.00 per annual gallon at the 250,000 gal/yr. scale. Labor and oper-
ating costs are also subsiantially reduced. Thus we feel that the Purdue process may make it feasi-
ble to have many smaller ethanol facilities rather than be forced to the 10-40 million gal/yr. scale
by economic of scale which is the current condition for batch ethanol production from corn/starch
streams.

Preliminary design calculations on yeast production from both high and low level substrate
streams are also encouraging. Again, the movement towards a continuous process, the reduction of
energy needs, and the reductions in capital cost should make the Purdue yeast process very com-
petitive for yeast production. We feel that there is a good possibility the use of centrifugal yeast
harvesters can be eliminated for the production of yeast from high level substrates, resulting in a
substantial reduction in plant complexity and cost. We determined an ROI of 90% for a process
producing 1.5 tons/day of dried mineral yeast from concentrated whey permeate.

Recent Accomplishments

Accomplishments during 1993 include 1) installation and start-up of a 7,500 liter ICRS for eth-
anol production at an industrial site in Iowa, 2) Donation and installation of a 200 liter yeast pilot
plant to the project from Kenyon Enterprises, 3) Modeling and testing of a low energy system for
recovery of ethanol from vapor streams using a solvent absorption/extractive distillation system,
4) Simultaneous saccharification/fermentation of raw corn grits and starch in a in a stirred reactor/
separator, 6) Testing of the ability of a 'koji' process to ferment raw corn grits in a 'no-cook' process,
7) Modeling of lactic acid bacteria growth and productivity as a function of pH and LA concentra-



tion, 8) Modeling and demonstration of an extractive fermentation for lactic acid production,
9)Determination of the effect of osmotic inhibition on aerobic yeast production, 10) Our group has
reported our findings in a number of presentations and publications during 1993. These include:

1. Dale, M.C., A. Eagger and M. Okos. 1993. “Osmolality Inhibition of Aerobic K fragilis
Growth and Productivity in Batch and Immobilized Cell Reactors.” Process Biochemistry. In
Press

2. Dale, M.C., 1993. A Low Effluent Ethanol Process For Corn, Starch and Biomass. Gover-
nor’s Ethanol Coalition, Peoria, IL, November.

3. Salicetti, L., M. Okos & P.C. Wankat. 1993. “Modeling of Lactose Assimilation by the Yeast,
K. marxianus”. Conf. on Environment, Purdue Univ., August.

4. Dale, M. Clark. 1993. Ethanol Production from Whey. AIChE ChAPTER One. 7:2,22-28.

5. Dale, M.C., N. Perrin, and M. Okos. 1993. “Production of Ethanol from Concentrated Sucrose
and Molasses Solution Using S. Pombe in an Immobilized Cell Reactor Separator.” In Press.
Proceeding of Conference on Food Engineering.

6. Dale, M.C. 1993. Production of Yeast from Concentrated Whey Permeate using a Immobi-
lized Cell Reactor. Final Report to Kenyon/WMMB. February.

7. Dale, M.C. 1993. “The Solvent Absorption/Extractive Distillation (SAED) Process for Etha-
nol Recovery from Gas Streams” AICHE COFE meetings, February, Chicago

8. Dale, M.C,, S. Michel, and M. Okos. 1993. “A No-Cook Process for the conversion of Starch
to Sugars for Ethanol Production” AICHE COFE meetings, February, Chicago,IL

9. Dale, M.C. 1992. “Design and Construction of a 7,500 Liter Immobilized Cell Reactor Sepa-
rator for Ethanol Production from Whey Permeate”. AICHE paper 161a Miami. November.

10. Saliceti, L., M.C. Dale, M. Moelhman, M. Okos, and P. Wankat. 1992. “Free and Immobilized
Yeast for BOD Reduction in Dairy Waste Streams”. AICHE Annual Meeting, Paper 155k,
Miami. November.

11. Dale, M.C. 1992. “Production of Ethanol, Lactic Acid or SCP from Biomass”. Biobased Prod-
ucts Expo '92. St. Louis. October.

12. Lee, W.S., M. Okos, and M. Dale. 1992. “Production of a Butter Flavor Compound (Diacetyl)
with Simultaneous Product Separation”. AICHE paper 8d. Minneapolis, MN. August.

13. Venkatesh, K.V., M.R. Okos and P.C. Wankat. 1992. “Kinetic Model for Lactic Acid Produc-
tion from Cellulose by Simultaneous Fermentation and Saccharification.” AIChE summer
meeting, Minneapolis, MN, August,.

Industrial and Professional Contacts

Industrial sponsors for our project include:

Permeate Refining Inc. (PRI) PRI is a small company in the business of converting food waste
streams such as waste starch, whey permeate, candy wastes, and the like to ethanol. Permeate
Refining's operational vice-president, Bob Lehman, is also the president of Captain Clean, a com-
pany involved with industrial cleaning of food plants such as Cargill, ADM, starch plants, and oth-
ers. Thus Mr. Lehman is often asked to clean out tanks and silos full of out of specification starch,



flour, or sugars. With his new ethanol plant in Hopkinton, PRI is able to take these waste sugars
and convert them to ethanol. The plant consists of a batch ethanol plant which was purchased used
from a bankrupt ethanol operation. There are over fifteen 15,000 gallon fermenters in the plant
along with a distillation and dehydration system. The plant was completed in late 1992, with a plant
expansion currently in progress to approximately double the floor-space of the plant. Mr. Lehman
has donated considerable time, effort, floor space, utilities, plant labor, and raw materials to our
ICRS pilot plant project. His in-kind contributions during 1992-3 are valued at approximately
$200,000.

Merrill Iron and Steel- Merrill I&S president is Roger Henner. Mr. Henner designed and built
the ICRS/Absorber from rough prints supplied by Dr. Dale of Purdue. He designed the doors, door
fasteners, spraying lid, and the structural integrity of the unified ICRS/ABS. Mr. Henner agreed to
build the ICRS/ABS on a 'at-cost' basis. Mr. Henner also cooperated with Kenyon Enterprises in
the construction of a spacerless packing matrix for the ICRS unit. This matrix is proprietary to
Kenyon/M 1&S. Total contributions to the project by M 1&S during 1992-93 are valued at $xx,000.

Kenyon Enterprises (KE)- KE is a small company which was in the ethanol consulting industry.
Its past president, Wendall Harris built and operated an ethanol plant during 1982-1985, and then
went into the starch conversion industry. KE cooperated during the design and fabrication of the
ICRS, and developed a spacerless packing matrix which is currently being tested. KE also became
interested in the application of the ICR to yeast production from concentrated sugar streams. KE
and M I&S built a 200 liter pilot unit to test for yeast production. KE contributed $10,000. to the
Purdue/DOE project in cash, and made a further contribution of about $85,000 in time, effort
towards the ethanol and yeast portions of the project and operation of the 200 liter pilot plant in
Plainfield, WI.

Xylan Inc.- Xylan/Xymax are companies operated by George Tyson. Xylan owns two patents
for cellulose pretreatment technology based on extrusion of biomass. This pretreatment allows the
enzymatic attack on the cellulose polymer to break the polymer to its monomer glucose units.
Xymax Inc. is involved in the conversion of waste cellulose/plastics to structural plastic composite
board or beams. The production of railroad ties and sign posts is envisioned. Xylan hopes to com-
bine its pretreatment technology with the ICRS or CSRS fermentation system. Xylan has invested
approximately $10,000 to date in time and in-kind contributions to the project, and plans to con-
tribute between $10 and $30,000 cash to the Purdue project during 1994, along with $100 to
$200,000 in further combined developmental work.

Other industrial contacts/project contributors include:
1) Wisconsin Dairies, who have contributed 2,000# of dried permeate,
2) Kraft Inc. who remain interested in applying the CRS technology in several of their plants,

3) Ethanol Resources, of FL. who want to make ethanol from yard wastés, palm fronds, and
napier grass.

4) Enviroenergy Inc. who currently have anaerobic conversion technology



5) Great Lakes Governor's Biomass Council, who have contributed $50,000 to the CSRS
starch/biomass project

6) NIST/DOE ERIP who plan to support the CSRS starch/biomass project

A project review was held on May 30-31, 1993 with Dr. Dale and Okos describing recent
project accomplishments to Allan Shroeder and Dan Kung at Argonne, IL. An industrial review
meeting was then held at Hopkinton, IA Permeate Refining Inc. plant site. Attending were Kenyon
Enterprises (Cheryl Plitt, Wendall Harris), Permeate Refining (Bob Lehman, Carol Lehman, Keith
Korr), Merill 1&S (Roger Henner), Xylan/Xymax (George Tyson, Ruth Tyson, Gene Anderson). A
tour of the PRI facility was accompanied by a description of the ICRS and a look at the ICRS in
operation.

1.4 Press, Presentations, Publications, and Theses

Press Notices:

Novel Fermentation Process Converts Whey Permeate to Fuels, Chemicals. The Cheese
Reporter. October 2, 1987.

Immobilized Yeast Process converts whey permeate to ethanol. Food Engineering. 2:88 page
77.

Presentations:

1. Havlik, S., P. Moyer, and M.R. Okos. Computer-Aided Food Process Design. ASAE, Decem-
ber, 1987.

2. Dale, M.C,, Y. Koo, S. Havlik, and M.R. Okos. Comparison of Recovery Processes for Etha-
nol from an Immobilized Cell Reactor-Separator. AIChE, August, 1988.

3. Lin, ], M.C. Dale, M.R. Okos. Environmental Effects on Ethanol Production by Immobilized
Z. mobilis. SIM, August 1988.

4. Dale, M.C. and M.R. Okos. Scale Up and Performance of an ICRS for the Production of Eth-
anol from Whey Lactose. SIM, August, 1988.

5. Lin, JJ., M.C. Dale, and M.R. Okos. 1988. Improvement of Bioreactor Performance: Ethanol
Production by Zymomonas mobilis in an Immobilized Cell Reactor-Separator. IFT, June,
1988.

6. Park, C.H., M.R. Okos, and P.C. Wankat. Effects of pH and Temperature on the Ethanol Fer-
mentation by Free and Immobilized Yeast. AIChE, August, 1988.

7. Park, CH., M.R. Okos, and P.C. Wankat. Butanol (ABE) Fermentation with Product Separa-
tion in an Immobilized Cell Reactor-Separator (ICRS) (Mathematical Modeing and Analysis).
AIChE, August, 1988.

8. Park, C.H., M. Okos, and P. Wankat. Continuous Production of Butanol-Acetone in an Immo-
bilized Cell Trickle bed Reactor. AIChE, November, 1988.

9. Dale, M.C,, S. Havlik, and M.R. Okos. 1989. The Production of Ethanol from Whey Permeate



7

using an Immobilized Cell Reactor-Separator. Wisconsin Center for Dairy Research, January
1989.

10. Dale, M.C. and M.R. Okos. Design and Performance of an Immobilized Cell Reactor and
Separator for the Production of Ethanol and Other Solvents. Presented at the 5th Intl. Con-
gress on Engineering and Food. Cologne, Germany, May 28 - June 3, 1989,

11. Havlik, S.E., M.R. Okos, and G.V. Reklaitis. Design and Simulation Methodology for Food
Processing Modeling. Presented at the 5th Intl. Congress on Engineering and Food. Cologne,
Germany, May 28 - June 3, 1989.

12. Lee, W.S. and M.R. Okos. Production of Flavor Compounds from Cheese Whey. Presented at
the 1989 AIChE Meeting, Philadelphia, PA, August 1989.

13. Havlik, S. A. Balint, and M. Okos. Food Operations Oriented Design System: A Steady State
Food Process Design and Analysis Program. Presented at the 1989 ASAE Winter Meeting,
New Orleans, LA, December 1989.

14. Dale, M.C. and M.R. Okos. Design and Analysis of a Structured Packing for Trickle Flow
Type Bioreactors Incorporating Simultaneous Production and Gas Stripping of Volatile Fer-
mentation Products. Presented at the ACS 200th Annual Meeting, Aug. 26-31, 1990

15. Dale, M.C., A. Eagger, B. Truax, and M.R. Okos. Osmolality Effects on K. fragilis Growth
and Productivity in Batch and Immobilized Cell Reactor. Presented at the AIChE 1990
Annual Meeting, Paper 286-b, November 15, 1990.

16. Dale, M.C., J. Smith, and M.R. Okos. Whey Lactose Conversion to Ethanol in a 50 Liter
Immobilized Cell Reactor Separator (aka pilot). Presented at the AIChE 1990 Annual Meet-
ing, Paper 286-f, November 15, 1990.

17. Lee, W. and M.R. Okos. Production of Diacetyl by Continuous Fermentation and Simulta-
neous Product Separation. Presented at the AIChE 1990 Annual Meeting, November 15,
1990.

18. Dale, M. C., A Novel Fermenter-Separator to Produce Ethanol from Waste Sugar Streams.
Presented at the DOE Technology Fair, Washington, D.C., April 1991.

19. Dale, M. C. and M. R. Okos. A Low Effluent Process to Produce Ethanol for Corn Sugar.
Corn Ethanol Conference, Peoria, IL, May 25, 1991.

20. Venkatesh, K.V., M.R. Okos and P. Wankat. Production of Lactic Acid in Membrane Recycle
Bioreactor Utilizing lactose. AIChE meeting, November, 1991, Los Angeles, CA.

21. Dale, M.C,, D. Guntrip, M. Moelhman, and M. Okos. 1992. Production of Ethanol in an
Immobilized Cell Reactor-Separator. China-USA Bio-Reaction & Bioseparation Conference,
Hangzhou, PR.C., June.

22. Dale, M.C. 1992. Design and Analysis of Continuous Bio-reactors Utilizing Immobilized Liv-
ing Cells. China-USA Bio-Reaction & Bioseparation Conference, Hanghou, PR.C., June.

23. Dale, M.C. 1992. Food and Non-Food Uses for Whey. Ohio Dairy Producers Conference,
Columbus, OH, March.

24. Venkatesh, K. V., Okos, M. R., Wankat, P. C., Modelling of Simultaneous Saccharification and
Fermentation of cellulose to lactic acid. AIChE summer meeting, Minneapolis, August 1992.

25. Lee, W.S., M. Okos and M.Dale. 1992. Production of a Butter Flavor Compound (Diacetyl)



with simultaneous Product Separation. AIChE paper 8d., Minneapolis, MN, August.

26. Dale, M.C. 1992. Production of Ethanol, Lactic Acid or SCP from Biomass. Biobased Prod-
ucts Expo ’92. St. Louis. October.

27. Salicetti, L., M.C. Dale, M. Moelhman, M. Okos, and P. Wankat. 1992. Free and Immobilized
Yeast for BOD Reduction in Dairy Waste Streams. AICHE Annual Meeting, Paper 16k,
Miami, November.

28. Dale, M.C. 1992. Design and Construction of a 7,500 Liter Immobilized Cell Rector Separa-
tor for Ethanol Production from Whey Permeate. AICHE paper 161a Miami. November.

29. Dale, M.C., S. Michel, and M. Okos. 1993. A No-Cook Process for the Conversion of Starch
to Sugars for Ethanol Production. AICHE COFE meetings, February, Chicago, IL.

30. Dale, M.C. 1993. The Solvent Absorption/Extractive Distillation (SAED) Process for Ethanol
Recovery from Gas Streams. AICHE COFE meetings, February, Chicago.

31. Dale, M.C., 1993. A Low Effluent Ethanol Process For Corn, Starch and Biomass. Gover-
nor’s Ethanol Coalition, Peoria, IL, November.

32. Salicetti, L., M. Okos & P.C. Wankat. 1993. “Modeling of Lactose Assimilation by the Yeast,
K. marxianus”. Conf. on Environment, Purdue Univ., August.

Publications:

1. Park, C., MR. Okos, and P.C. Wankat. 1989. Acetone-Butanol-Ethanol (ABE) Fermentation
in an Immobilized Cell Trickle Bed Reactor. Biotechnology and Bioengineering, 34:18-29.

2. Park, C.H., M.R. Okos, and P.C. Wankat. 1989. Ethanol Fermentation using Immobilized and
Free Saccharomyces cerevisiae: Effect of pH and Temperature. Submitted to Enzyme and
Microbiology Technology.

3. Lin, J.J.,, M.C. Dale, and M.R. Okos. 1991. Osmotic (A w) Effects on Growth and Ethanol
Production of Free and Immobilized Zymomonas Mobilis. Journal of Process Biochemistry,
26 143-151.

4. Park, C.H., M.R. Okos, and P.C. Wankat. 1989. Characterization of an Immobilized Cell,
Trickle Bed Reactor during Long Term Butanol (ABE) Fermentation. Submitted to Biotech-
nology and Bioengineering.

5. Lin, J.J., M.C. Dale, and M.R. Okos. 1990. Ethanol Production by Zymomonas Mobilis in an
Immobilized Cell Reactor Separator. Journal of Process Biochemistry 25:61-66.

6. Chen, C,, M.C. Dale, and M.R. Okos. 1990. The Long-Term Effects of Ethanol on Immobi-

lized Cell Reactor Performance Using K. fragilis. Biotechnology and Bioengineering 36:975-
982.

7. Chen, C., M.C. Dale, and M.R. Okos. 1990. Minimal Nutritional Requirements for Immobi-
lized Yeast. Biotechnology and Bioengineering 36:993-1001.

8. Dale, M.C,, C. Chen, and M.R. Okos. 1990. Cell Growth and Death Rates as Factors in the
Long-Term Performance, Modeling, and Design of Immobilized Cell Reactors. Biotechnol-
ogy and Bioengineering 36:983-992.

9. Park, C-H., M.R. Okos, and P.C. Wankat. 1990. Acetone-Butanol-Ethanol (ABE) Fermenta-
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ucts. L. Design and Analysis. In Progress...to be submitted to Chem. Eng. Progress

2. Dale, M.C., D. Guntrip, and M. Okos. A Structured Packing for Trickle Flow Type Bioreac-
tors Incorporating Simultaneous Production and Gas Stripping of Volatile Fermentation Prod-
ucts. II. Experimental Performance. In Progress...to be submitted to Chem. Eng. Progress

3. Dale, M.C., M. Moelhman, and M. Okos. Whey Lactose Conversion to Ethanol in a 50 Liter
Pilot Plant Immobilized Cell Reactor-Separator. In Progress...to be submitted to Biotech.
Bioeng.

4. Dale, M.C, S. Havlik, and M. Okos. Acid Whey Utilization by Production of Whey Protein
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1. Chen, C. 1988. Environmental Effects on Growth and Ethanol Fermentation of Immobilized
Kluyveromyces Fragilis.

2. Lin, J.J. 1988. Environmental Effects on Ethanol Production by Immobilized Zymomonas
mobilis in a Trickle-Flow Fermenter.

3. Park, Chang Ho. 1989. Simultaneous Fermentation and Separation in an Immobilized Cell
Trickle Bed Reactor: Acetone-Butanol Ethanol (ABE) and Ethanol Fermentation. Ph.D. The-
sis, Agricultural Engineering Department, Purdue University.

4. Havlik, Steven E. 1989. Computer Aided Design and Modeling of Food and Food By Product
Processes with Case Studies in Whey Processing alternatives. M.S. Thesis, Agricultural Engi-
neering Department, Purdue University.

5. Lineback, D.S. 1989. Thermophilic Ethano! Production from Lactose. M.S. Thesis, Food Sci-
ence Department, Purdue University.

6. Lee, W. S. 1991. Diacetyl Production using Free and Immobilized Cells. Ph.D. Thesis, Agri-
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2.0 Pilot Plant Operations
2.1 7,500 liter ICRS Pilot Plant @ Hopkinton, IA.

Design and Construction

The ICRS system was designed during mid-1992, and constructed between 6/92 and 1/93 in
Merrill, WI by Merrill 1&S. Roger Henner, president, designed and built the doors, windows, and
interacted with Dr. Dale on the detailed design prints for the reactor. The ICRS is combined with
an absorber in a single unit, with duct work all internally routed within a 8' x 9' unit. This allows a
very small simple apparatus. The unified design has the following advantages

1) Reduced construction costs and lower material costs

2) Reduced floor space

3) reduced complexity of ducts and construction

4) elimination of external ducting, gasketing, and blower connections

5) reduced chance for leakage and contamination from external sources. A multicolumn ICRS
system was designed and found to have a floor space requirement of 13'x 20' as shown in Figure
2.1 A sketch of the unit with the solvent desorption/extractive distillation system is shown in Figure
2.2 Appendix 2.1 shows the basic design and construction of the unit along with specifications for
the blower. The unit is designed to have a solvent run on the absorber side to pick-up the ethanol
from the vapors leaving the ICRS unit. The solvent is then taken to a desorber where the ethanol is
recovered.

The important design principles for construction and operation of the ICRS apparatus are given
in Table 2.1. The reactor is designed to be sterilized by an initial steam cycle, inoculated with yeast,
and the have a sugar stream continuously introduced to the reactor system.
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The basic design specifications for the fermenter are shown in Table 2.2 for the pilot unit. A
spacerless design for the immobilization matrix was designed and built by Kenyon and Merrill
1&S. Table 2.3 gives the advantages and disadvantages for the spacerless matrix. Based on conver-
sations between Purdue, KE, and Merrill 1&S, PRI decided to test the spacerless packing matrix.

Installation

The unit was moved from Merrill, WI and installed in late February, 1993 on site in Hopkinton,
IA. Electrical, air, water, and feed lines, pumps, and controls were installed between 2/15 and 4/15
by PRI workers. Four spacerless packing matrix bales were installed in both the enricher and the
stripper.

The unit was started on 4/28 with yeast inoculated from a 2,000 gallon seed tank grown aero-
bically. Table 2.4 gives the initial start-up and operational data. The system was shut down on 5/15
to allow a number of improvements to be make in the system including: 1) installation of smaller
spray heads to allow operation in the range of 3 to 10 GPM, 2) addition of a feed filter to reduce
clogging of the spray heads, 4) use of dry sterile air for pressure gauges and rotometers- the pre-
liminary use of air from the compressor was found to entrain a large amount of water, 5) the addi-
tion of temperature gauges and thermocouples on various points at the reactor, 6) testing of
spacerless matrix with and without spacer ‘twisties', 7) improvement in the feed holding/batch pas-
teurization, 8) addition of SO2 to the feed stream or feed tank to help kill and inhibit bacteria in the
feed. These changes and additions were accomplished between 7/93 and 12/93. It was determined
that there was a leak between the cooling jacket and the internals of the seed tank used for yeast
propagation. This leak caused repeated contamination of seeds being prepared for the ICRS unit
start-ups.

In the repeated start-ups, high fermentation rates have not been attained. We have tried several
clean-in-place matrix cleaning cycles. As per table 2.1, easy rapid clean-up and restart of the reac-
tor is an important design feature. Unfortunately, we have yet to effectively regain the ability of the
matrix to hold cells with the cleaning procedures used to date. Our next efforts will be concentrat-
ing on cleaning or replacing of the matrix. [ Design of the Solvent Absorption/Extractive Distilla-
tion (SAED) System.]

The use of a solvent to absorb ethanol from the solvent is being suggested for use on the ICRS
pilot plant. The solvent will selectively adsorb ethanol vapors over water vapors. This allows a con-
centrated (50-80%) ethanol product to be recovered during desorption. Solvents with high selec-
tivity for ethanol tend to give dissolved water a high activity coefficient, allowing extractive
distillation of the water. This is described in Appendix 2.1.e

2.3 Effluent Handling

The conversion of high BOD distillery or food wastes to yeast is being extensively studied. Pre-
liminary studies have shown that a gas continuous system can reduced the BOD from distiller's bot-
tom water from 12,000 to 3,000 with a residence time of under 10 hours. The basic idea is to
convert the residual lactic acid, glycerol, and unconverted sugars to yeast. The ability of various
strains to convert these substrates, and the kinetics of multiple substrate utilization are being stud-
ied in a basic fashion by L. Salicetti for a Ph.D. project. Dale and Moelhman are approaching the
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Table 2.1 Critical Design Features for Continuous Reactors

1) Initial sterilization of reactor/separator

2) Maintain sterile feed

3) Continuous feed to the reactor

4) No ambient gas leakage into the reactor

5) Sterile sampling of reactor while operating

6) Design for easy, rapid clean-up and restart of reactor

Table 2.2 Design Specifications of 7,500 Liter Pilot Plant
Feed Flow Rate......4-8 GPM of 14% Whey Permeate Concentrate (11% lactose)
Design Ethanol Production Rate........ 150-200 #/hr (250,000 gal/yr)
Gas Flow Rate......4,800 CFM CO2 through ICRS Stripper
ICRS reactor volume.......7,500 liters
4’x8’ by 4’ deep enricher section

4’x8’ by 4’ deep stripper section

High Efficiency Structured Packing Volume .....3,600 liters
4’x8’ by 4’ deep below bottom of stripper/reactor)

Superficial Gas Velocity in ICRS Stripper.....150 fpm
Superficial Gas Velocity in Solvent Absorber......200 fpm

Flow rate of Solvent........ 75-95 GPM

Total Dimensions of unified ICRS/Absorber.....8'X 9.5’ base by 24’ high
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Table 2.3 Design and Construction of Spacer-Free Immobiliziation Matrix
Advantages

1) rectangular-fits well in unified design

2) elimination of cost for spacer mesh

3) reduction of gas phase pressure drop
4) more easily cleaned

Disadvantages
1) technology must be developed for contruction
2) unproven in practice

Proprietary matrix developed by Kenyon Enterprises and Merrill I&S Designed and built
by Merrill 1&S for 7,500 liter ICRS unit.

Table 2.4 Operation of ICRS unit during May @ PRI site

1) Plexiglass top cover bowed & cracked during steaming Replaced by high temperature
polymer by PRI-

2) Innoculate 2000 gal propogator 4/28
3) Begin feed at 8 GPM- emptied 2,000 gal feed tank overnight.
4) Put in recycle mode- hook in 12,000 gal feed tank

5) On 5/4- 8 GPM Feed Inlet feed 11.7% solids- outlet 7.5% solids 50% utilization of
sugars- alcohol conc. in absorber water 2.95% ethanol

6) 10,000 gal. tank cooled, bacteria level became high- fed bacteria laden feed to reactor-
5/5

7) dehydrating system @ PRI not functioning correctly-decided to shut down.
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problem in a more applied way, testing various reactor configurations with actual bottoms water
from Iowa and artificial bottoms water made-up in the lab. These studies, and a design for a waste
water plant for the PRI site are given in Appendix 2.3

2.6 Yeast from concentrated substrates

The ability to create a concentrated stream of yeast from a concentrated sugar stream was dem-
onstrated by Shay and Wagner (1987, 1988) using a reactor with a highly efficient oxygen transfer
and cooling system. This system offers the possibility of using a concentrated whey input to pro-
duce a yeast/salt product with no waste water generation and no centrifuges. Our efforts in con-
junction with Kenyon Enterprises, have been to build, test, and operate a low pressure drop
immobilized cell yeast reactor ICYR). A 200 liter ICYR was build by Merrill 1&S, tested in Plain-
field WI by Kenyon, and then tested at Purdue in late '93 and early '94. A report on the 200 liter
pilot plant is appended with this report as Appendix 2.6

2.7 24,000 L CSRS Pilot Plant

The extension of the ICRS technology to a stirred tank in series w/ gas phase separation of the
ethanol has been under design and investigation by Dr. Dale for the last few years. The basic reactor
design consists of stirred tanks in series, with the overflow contacted with a stripping gas to reduce
the ethanol levels. A 24,000 liter pilot unit is currently under construction for testing at the same
PRI site that the ICRS is being tested. The costs for this project are not being covered by the DOE
Division of Industrial Technologies. A description of this project is included as Appendix 2.7

3.0 Laboratory Studies

3.1 Lactic Acid

Lactic acid is a higher value chemical (priced at $0.75-1.00/1b.) that can be produced by homo-
fermentative bacteria from the genera Lactobacillus and Streptococcus by the fermentation of sug-
ars. Currently, is produced commercially form corn sugar, molasses and whey. It has many uses
in connection with foods, fermentations, pharmaceutical, and the chemical industries. The increas-
ing problem of waste whey disposal in the dairy industry, the improving market for feed supple-
ments in cattle industry, and the potential of lactic acid as a raw material for biodegradable plastics
might further the demand for lactic acid.

Argonne National Laboratory has been working in the area of lactic acid research for several
years. In the is phase of the project we propose to cooperate with them. We are investigating the
kinetics of lactic acid production using lactose as a substrate. High lactic acid concentrations have
been obtained. In addition, diacetyl, a valuable flavoring compound, has been obtained as a sec-
ondary product. Solvent extractions along with membrane partitioning of solvent and fermentation
broth to achieve a purified product in a more economic manner have been investigated.
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3.3 Anti-Fungal Compounds from Immobilized Plant Cell Tissue Culture

In this project we are attempting to convert waste sucrose from molasses or glucose from waste
potato starch, to a higher value product, an antifungal chemical called gossypol. This chemical is
produced in plant cells. Large scale cultivation of plant cells is hampered by poor understanding of
biochemical pathways. Major problems associated with secondary metabolite formation by plant
cells are the slow metabolic rate and the low yield of cells. Another factor that presents problems
in using plant cells on a large scale is their sensitivity to shear. To solve these problems, immobi-
lization of plant cell is being considered.

The major goal of this study is the immobilization of plant cell in order to enhance the produc-
tivity. Gossypium arboreum which can produce antifungal reagent, gossypol, has been selected as
a preliminary model system. We have characterized that species and analyze for gossypol content
both inter and extra. However, due to its slow growth rate (doubling time is 3-4 days), we have
designed a method which allows fast experiments such as differential reactor. We have: a) designed
a small reactor to examine the growth kinetics for the cell; b) chosen suitable parameter levels for
batch and continuous operation of reactor (nutrient concentration, pH, aeration, and temperature
must be determined for continuous operation); c) tested application of an elicitor to enhance the
productivity; d) tested application of a permeatilizing agent such as DMSO (dimethyl sulfoxide)
to increase the secretion of secondary metabolites from the plant cell; e) determined a method for
determination of cell viability; and f) attempted to optimize productivity. This work is largely com-
pleted, with a modeling effort being undertaken by Mr. Choi, who expects to receive his Ph.D in
May, 1994,

3.4 Production of Yeast from High BOD Waste Water

The ability of yeast to metabolize the various organic compounds remaining in distillery wastes
is being evaluated. The three major components in ‘bottoms water' have been determined to be a)
sugars {lactose or glucose), lactic acid, and glycerol. The use of the different substrates by the yeast
Kluyveromyces marxianus was found to be sequential. Furthermore, growth rates and rates of sub-
strate utilization on lactic acid We have looked at various strains of yeast to determine those strains
best able to metabolize these substrates. The use of multiple yeast strains is being studied, a K.
marxianus strain and a Candida utilis strain. The use of substrates by the and glycerol were found
to be very slow with this yeast. Experiments were conducted in order to identify other yeast species
that would be capable of utilizing lactic acid and glycerol much faster. A series of different types
. of yeast obtained from the culture collection of the Department of Agriculture were cultured in a
multiple substrate medium and evaluated for faster growth and utilization kinetics. It was found
that Candida utilis NRRL Y-1082 has a better growth rate on glycerol than K. marxianus.

Another series of experiments was performed using a mixed culture of C. utilis and K. marxian
mixed population it was found that C. utilis would start utilizing the glycerol while K. marxianus
would first utilize the lactose. After these two substrates were taken up, both yeasts would switch
to utilize the lactic acid. The total amount of time to completely utilize the multiple carbon source
available was reduced considerably by being able to utilize lactose and glycerol simultaneously in
the first growth phase and by having a faster utilization rate of lactic acid in the second phase of
growth. No interaction between the two yeast species was noticeable. Based on these results, the
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next efforts will focus in the individual growth kinetics and substrate utilization of the yeasts K.
marxianus NRRL Y-2415 and C. utilis NRRL Y-1082.

Experiments are under way to determine the kinetics of individual substrate utilization by each
of the selected yeasts. A series of batch experiments are being conducted to determine the Monod
parameters and yield coefficients. These parameters will be incorporated into a mathematical
model that will enable the prediction of the growth behavior and substrate utilization rates of the
mixed culture yeast culture. The mathematical model will be based in the cybernetic modelling
approach developed by professor Ramkrishna from Purdue University (Kompala, et al., Biotech.
Bioeng. Vol. 28, 1044-1055, 1986). With this model, performance of batch and continuous stirred
tank bioreactor can be predicted and suitable process design conditions can be estimated. Simula-
tion results will be corroborated in laboratory experiments to ascertain the validity of the model.

3.5 Production of Gluconic Acid from waste glucose

Gluconic Acid is a higher valued product that can be produced from ethanol or sugars. In 1983,
a research program about Immobilized Cell Reactors was set up at Purdue University with the aim
of taking advantage of waste food products such as cheese whey, molasses and lactose whey; aim-
ing to recover partially the large source of energy lying in these products. Actually, development
through conversion of some agricultural by-products especially whey permeate and starch in
Immobilized Cell Reactors, using different strains of yeasts, molds and bacteria. In some studies,
simple sugars such as lactose, glucose or xylose are also used.

This project on oxidative bacteria (Gluconobacter oxydans ssp. suboxydans) is immobilized to
produce gluconic acid from a glucose source. The effect of pH on the growth and productivity was
studied and led to a 22% increase in the gluconic acid production.

3.6 Simultaneous Saccharification and Fermenfation of Cellulose to Lactic Acid

Cellulose is perhaps the single largest biochemical polymer produced on earth. There has been
considerable efforts by many researchers to establish methods of breaking down wood, paper, and
crop debris to glucose. We will begin cooperating with Xylan Inc. during this next year of the
project. They will provide us with pre-treated biomass products including waste paper, switch
grass, municipal yard wastes, and corn stalks. Cellulose in natural wood and crop products, is
bound with hemicellulose in a tough crystalline matrix. Breakdown of the cellulose products can
be achieved via acid or enzymatic hydrolysis. In this phase of the project, we will be evaluating the
ability of co-culturing cellulase producing organisms (or adding cellulase) and yeasts to produce
ethanol or lactic bacteria to produce lactic acid.

3.7 Simultaneous Saccharification and Fermentation of Starch to Ethanol

Starch, like cellulose, is a polymer of glucose, however, starch is much more easily hydrolyzed
to the simple sugars, and does not have any pentoses as does hemicellulose. Starch is generally bro-
ken down by two enzymatic processes; o-amylase liquefies the gelatinized starch, breaking the
starch into long chain dextrins (liquefaction), then gluco-amylase is used to convert the dextrins to
glucose (saccharification). These enzymes are readily available and used in corn syrup and ethanol
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plants on a standard basis. These has been some work with yeasts that produce these hydrolytic
enzymes, but enzymes do not represent a major cost in general. We propose a system involving
simultaneous fermentation and saccharification, along with separation of ethanol from the broth.
Some studies of this system are shown in Appendix 3.7

3.8 Production of Yeast from Concentrated Syrup Sireams

The use of high concentrations of sugars to produce high concentrations of yeast is being eval-
uated both on the lab and pilot scale. A small 1.5 L gas continuous reactor has been operating in
our lab for extended periods of time. The performance of this reactor is described in Appendix 3.8.
It is hoped that the cost of producing yeast can be reduced by investigating low energy oxygen
transfer into and out of the reactor.

4.0 Process Design Studies
4.1 FOODS Development and Status
The current status of the Food Oriented Optimization and Design Soybean (FOODS) is dis-

cussed in Appendix 4.1. We have one graduate student, Heidi Diefes, working on the updating and
confirmation of this program.






Preliminary Design of a Waste Water Treatment Facility

M. Clark Dale
Sr. Research Eng.
Biochemical and Food Process Eng. Div
AGEN, Purdue University

Design Parameters:

A.INLET WASTE WATER CHARACTERISTICS
1) Waste water production rate--50,000 gal/day
2) Inlet BOD/COD----35-50,000/70-100,000 ppm
3) Temp----85 F.
4) Ph------3.3-3.8
B. DESIRED OUTLET WATER CHARACTERISTICS
1) Outlet BOD/COD----50/100 ppm
2) Temp ---70 F.
3) pH ----6.5
C. Treatment Design Strategy

The high BOD rates coming from the plant are much higher than normal waste water
plants can handle. Typical BOD’s coming into wastewater plants are between 100 and
500 ppm. Thus, a pretreatment to get the BOD down is required. We have been working
on a bio-reactor for the production of yeast from low levels of sugars, lactic acid, and
glycerol for the last several years (Dale et al, 1991, Salicetti et al, 1992). It is suggested
here that this sort of bio-reactor be used to drop the BOD of the inlet from 50,000 to
under 10,000 ppm or to remove 80-90% of the substrates which can be easily metabol-
ized by the yeasts. The effluent from the yeast/BOD burner will then be taken to a staged
trickle flow type aeration water treatment towers. The high (4-10,000 BOD) feed is still
much too strong for a typical one stage filter. Thus our strategy is:

1) Yeast conversion of lactic acid, glycerol, remaining sugars, some salts, phosporus,
protein to cell mass.

INLET BOD/COD: 50,0000/100,000 ppm (21,000 #/day)

INLET FEED RATE: 2,000 gal/hr

OUTLET BOD/COD: 7,000/15,000 ppm (2,940 #/day)



Yeast Concentration in Reactor Outlet: 15-30 g/1
Yeast Produced per hour/day: 125-250 # per hour / 3,000-6,000 #/day)
Yeast Production rate: 2.5 g/l-hr
BOD Reduction rate: 500 ppm/I-hr (8,000 #/10001t3-day)
Reactor Packed Volume: 60,200 liters/ 16,000 gal./ 2200 ft3
Reactor height: 15 ft
.. Reactor diameter: 14 ft

2) Three stage aerobic filter- w/ final clarifier for sludge removal

A. Stage 1.
INLET BOD/COD: 7,000/15,000 (2,940 #/day)
OUTLET BOD/COD: 1,400/3,000 (1,176 #/day)
BOD LOAD - reaction rate: 300 #/1000 ft3-day
Reactor packed volume: 6,000 ft3
Recirculation rate 3:1
Reactor height 18 ft
Reactor base dimensions: 20 X 16’
(See Figure 1)

B. Stage 2.
INLET BOD/COD: 1,400/3,000 (1,176 #/day)
OUTLET BOD/COD: 560/1,100 (290 #/day)
BOD LOAD - reaction rate: 130 #/1000 ft3-day
Reactor packed volume: 6,000 ft3
Recirculation rate 3:1
Reactor height 18 ft
Reactor base dimensions: 20 X 16’

B. Stage 3.
INLET BOD/COD: 560/1,100 (290 #/day)
OUTLET BOD/COD: 50/100 (29 #/day)
BOD LOAD - reaction rate: 75 #/1000 ft3-day
Reactor packed volume: 4,000 ft3
Recirculation rate 1:1
Reactor height 18 ft
Reactor base dimensions: 20 X 11
(See Figure 2)
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Design of Trickle Bed Aerobic Filters for Waste Water Treatment

Nomenclature:
F = Feed flow rate- gal/day
S, = Feed substrate conc. ppm or mg/l (BOD)
Ff = Feed to reactor after mixing w/ recirculation stream-ppm
S 0= Feed substrate conc. to reactor after mixing w/ recirc-ppm.
S o= Effluent substrate concentration from the reactor- ppm BOD
&alpha&= Feed recirculation rate as ratio of F to recirc.
F /A = H = Hydraulic loading rate-gal/day-ft2
L= packed height of filter -ft

Waste water treatment facilities remove the various dissolved components in the feed
stream water to produce a purified water which can be returned to rivers and streams.
The concentration of biodegradable solids in the waste water is given as Biological Oxy-
gen Demand (BOD) which is the amount of oxygen required to oxidize the substrate to
CO2 and water. The basic reaction which occurs in waste water facilities is:

Carbohydrates/Nitrogen/Phosphorus + O2 ----> Biomass + CO2 + H20

For a substrate such as sugar (glucose) we have:

CeH 120 6+60 ———6C0O 2,4+6H,0 (1]

Which on a weight basis results in 1 pound of sugar requiring 1.07 pounds of oxygen to
oxidize the sugar to CO2 and water. Thus the BOD (ppm oxygen) is about the same as
the dissolved solids concentration (ppm soluble biodegradable solids) of the wastewater
as a general rule.

In order to convert dissolved solids to biomass and CO2, the waste water must be
contacted with biomass and oxygen in a waste water bioreactor. There are five basic
types of aerobic bioreactors: 1) Aerated Lagoon, 2) Activated Sludge, 3) Aerobic Diges-
ter, 4) Trickle Filter, and 5) Rotating disc reactors.

According to Grady and Lim (1980) the trickle filter is the simplest and easiest waste
water facility to operate. These type of reactors are robust and tolerate changes in flows
and concentrations well. They also are useful where land area is limited. In trickling
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filters, a biomass film forms on the surface of the packing material. There is a complex
microbial community which develops to metabolize the nutrients in the waste water
stream. The trickling filter community is more diverse than found in activated sludge
type reactors. "In addition to a rich mixture of eucaryotic and procaryotic organisms,
trickling filters contain many higher life forms, notably nemotodes, rotifers, snails, sudge
worms, and larvae of certain insects. This more complex food chain allows more com-
plete oxidation of organic matter with the net result that fewer excess organisms are pro-
duced." (Grady & Lim, pg. 223) The film builds up to a certain thickness, generally about
1 to 2 mm, although clogging of bioreactors by very thick crusts of biomass is an opera-
tional hazard of trickle bed reactors. Orr and Lawty (1990) describe clogging of a plastic
packed trickle bed reactor used for municiple sewage due to the overgrowth of a filamen-
tous bacteria. This problem was treated by addition of hypochloite and increasing the irri-
gation rate. Zooglea type bacteria were more effective at BOD reduction and non-
clogging of the bed than fungi/Psychoda species. Thicker films lead to anaerobic condi-
tions within the film, and generally results in bad odors being created. Film thickness is
generally controlled by the higher level "grazing" organisms. Low temperature (winter)
operations can have a definite inhibitory effect on these higher organisms with a film
build-up resulting (Sarner, 1980). However, hydraulic removal the film is generally suc-
cessful (higher rate application of the waste water over the top of the bed).

The basic design and operational variables for a trickle bed filter is shown in Figure 3.
Inlet feed is diluted with a recirculation stream at a ratio o and the inlet BOD, Sf, is
reduced to the outlet level, S_. As the BOD in the feed to the reactor increases, the rate
of BOD consumption increases, but the degree of utilization of the BOD drops. Thus for
high BOD streams, multiple beds are needed to allow the production of a low BOD
effluent unless a very large bed is used with a high degree of recycle.

There are three basic types of packing used in trickle beds, 1) stone, 2) random plastic
packing, and 3) structured plastic sheet packing. Stones are the cheapest media, but do
not allow air to pass well, resulting in the use of wide, shallow beds of an average depth
of 5 to 7 feet. Plastic packings allow the use of taller beds due to the easy flow of air
through the beds. Maximum hydraulic loading rates of stones is in the range of 40 gal/ft2
hr, while for random packed and modular media there is minimum application rate of 30
gal/hr ft2 to maintain wetting of the biomass film, with a recommended loading rate in
the range of 35-100 gal/hr-ft2, with maximum application rates in the range of 250-350
gal/hr-ft2 (Grady & Lim, 1980). Sarner (1980) shows hydraulic loads for structured plas-
tic packings ranging from 2 to 5 m3/hr m2 (50-125 gal/hr ft2).

BOD reduction rates depend upon the strength of the BOD fed to the reactor. Higher
concentration of substrate results in higher rate BOD reduction, but less complete utiliza-
tion of all of the substrate. An empirical model for substrate reduction is given by:
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William R. Beckman
Sales & Markeling Manager
Water Treatment Division

Munters Corporation

108 Sixth Sireet Southeast 33507

P.O. Box 6428 Fort Myers, Florida 33911
813/936-1555 1-800-446-6868

BlOdek® Fixed Film Media

General Description

BlOdek is a modular sheet type media with aunique
cross fluted design creating numerous inter-
connecting channels or redistribution points. The
patented cross fluted design of BlOdek allows for
uniform redistribution of air or liquid within the
media.

BlOdek is manufactured from polyvinylchloride
(PVC) sheets and assembled into rigid self
supporting modules. All sheets within a BlOdek
module are structurally reinforced by double folding
the top and bottom edges a minimum of 1/2 inch.
The double fold edge construction provides extra
strength and structural durability without obstruc-

BlOdek modules can be manufactured in a wide
variety of sizes. BlOdek modules are available in
heights from 12-24 inches high, widths from 12-24
inches and lengths up to 10 feet. Special cutting is
also available for circular or irregular vessels.

BlOdek is available in four different specific surface
areas (see below) depending on the application.
BlOdek is also available in chlorinated polyvinyl-
chioride (CPVC). polypropylene and stainless steel
where high temperature or compatability with PVC
may be a problem.

For more information on BlOdek for a specific

ting flow. application, please contact Munters Corporation.
Specific
Surface Area Spacing Applications
ft2/ft? (m?2/m?) (inches)

BiOdek 30060 30 (100) 1.07 Industrial/Municipal Waste
Roughing/polishing treatment

BlOdek 19060 42 (140) 750 Nitrification/Denitrification
Odor Control . L

BlOdek 12060 68 (230) 461 Aquaculture { 2 w4 {
Bioremediation RS

BlOdek 7060 115 (383) .250 Aquaculture ( o ) ﬁ( A
QOil/Water Separation = - S L- P

f . [
- ‘i)) v S P Water Sector 8/91

oo 1-800-446-6868
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DESIGN CURVES FOR BIOLOGICAL PRETREATMENT

o
ot (ROUGHING) WITH BIOdek® 30060 BIOFILTER
Pre-Biofilter conditions
0il and fat removal '
Nutrient balance : 100 : 5 : 1 (BOD : NH,~N : PO,~P)
Temperature ¢+ maximunm 35°C
Suspended solids : maximum 300 - 400 g/m®
Particle solids :+ maximum 10 mm
Raw sewage concentration : minimum 150 mg solBOD/1
c i t c t
High Curve Median Curve Low Curve
Fruit and vegetable Meat Processing Textile
Distillery Poultry Tannery ,
Brewery Pulp and Paper Landfill drainings
Dairy Municipal
Dye Stuffs
Chemical
Soft drink
REMARKS

- In case there are doubts as to classification of the
treatability, we recommend a pilot plant test.

- For full biological treatment and nitrification, please ask
for special design recommendations.

- The design curves are based on Munters and independent
research and the performance of full scale plants. However,
it should not be construed as guaranteeing specific properties
of the products or their suitability for a particuldr
application.
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S
?‘; =exp(-K ST H" L) 2

0

Where H is the hydraulic loading rate on the bed (ft3/ft2 day). A plot of this equation
using K of 50, m of -.43, and n of -.70 is shown in Figure 4 for various inlet feed concen-
trations (S e), a hydraulic loading rate of 600 ft3/ft2 day (180 gal/ft2 hr) and a bed depth
of 15 feet. A design plot for a structured plastic packing from Munters is shown in Fig-
ure 5, and replotted on Figure 4 showing the applicability of equation 2. Crine et al,
(1990) suggest that the performance of trickle filters might be characterized by the
amount and degree of wetting of the surface, and a minimal surface flow rate I" which
both wets and scours the surface to allow the film to be contacted with the waste water
and prevent a build-up or clogging of the packing.

S
—gi = exp(-KA,,H'L) 3]

0

where A_,g is the wetted surface area of the bed. They show that I varies between 0.5 and
3.5 x 10 ” m2/hr for a wide variety of packing types where I' is defined as:

H [4]

"4

where A_ is the specific area of the packing (m2/m3), and H is the hydraulic loading of
the packing (m3/hr). Crine et al. also determine that I'y;, is related to the biomass load-
ing of the bed in a linear fashion:

I'=.0081K S, 5]

They determine an estimate of K as .0034 m/h, and I',;, of These estimates allow the
design of trickle filters for a wide range of packing types as well as giving required
minimum hydrauling loading rates.
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Design and Operation of a 200 Liter Yeast Pilot Plant:
A Gas Continuous Immobilized Cell Reactor

M. Clark Dale and M. Moelhman
Biochemical and Food Process Eng. Div. AGEN, Purdue University

Reactor Design

A reactor chamber for testing an immobilized yeast bed was built by Merrill Iron and
Steel. The basic design of the unit consists of a epoxy painted mild steel frame covered
with plexiglass sheets allowing observation of the reactor internals. The frame is covered
in plexiglass sheets held to the frame by clamps. The cell immobilization matrix was
installed in the reactor. Air and feed were recirculated to the top of the matrix to allow
gas and liquid co-current flow. The liquid tends to flow down through the absorbant
sheets while the gas passes between the sheets. There is a 2" air inlet at the top of the
reactor, and a 4" outlet 12" from the bottom of the reactor. The largest portion of the
reactor is run gas continuous, with a liquid pool of a depth of 6" in the bottom of the reac-
tor to feed the recirculation pump. This pool has an approximate volume of 10 gallons.
Liquid level is maintained by a overflow standpipe at 6" which allows product to be
delivered from the reactor. A pH probe and oxygen probe were installed in the liquid
recycle line from the bottom of the reactor to the recirc. pump.

Air Feed to the Reactor

A 1/3 HP low pressure blower is used to provide air to the reactor. The flow capacity
curve for this blower is shown in Figure 2. Air coming into the blower is filtered through
2 2x2’ high efficiency furnace filters. The outlet from the blower is taken to a series of
two HEPA filters to sterilize the air. Thus the inlet air filters removed most of the dust
and dirt, while the HEPA filters remove all particle of .2 microns or larger. After leaving
the HEPA filters, the air is taken to a humidification column. This column is a 12" diam-
eter expoxy painted mild steel column packed with a mesh packing matrix. Water is
recirculated using a 1/8 HP magnetic drive centrifugal pump. Steam is introduced into
the air stream entering the humidifier. The steam flow is controlled by a self actuated
temperature control valve with the temperature sensor placed in the air stream leaving the
humidifier. This air system is shown diagramatically in Figure 3. Air flow to the reactor
was measured at about 150 CFM with a pressure drop through the reactor of about 1.5"
H20.






Liquid Feed to the Reactor

Liquid feed to the reactor is introduced to the inlet of the recirculation pump which
distributes the feed and the recirculation stream over the top of the packing matrix. The
feed is taken from 90 gallon stainless steel jacketed temperature controlled tanks using a
masterflex type peristaltic pump. A 1/3 HP self priming centrifugal pump is used to
recirculate the fermentation broth. Flow rates for the recirc. pump were measured at
about 20 GPM using ’pig tail’ type low pressure spray heads. The spray heads are
designed to be able to be raised and lowered to allow adjustment of the spray impact
region.

Operation of the 200 L Yeast Reactor

Feed was added to the reactor on a continuous basis, with lactose levels monitored at
regular intervals. Feed rates were determined by gradually increasing the feed rate while
monitoring residual lactose levels from the reactor. As long as residual lactose levels
were under 1% (10 g/1) the feed rate was increased. The feed rate was then held at this
higher feed rate for 4 to 24 hours after which lactose levels were again monitored. When
outlet levels of lactose were over 10 g/l, the feed rate was held steady or decreased until
lactose concentrations decreased. The reactor was started on 5% whey permeate, then 10,
15, 20 and finally 30% whey permeate was fed.

The feed to the system consisted of dried permeate, donated to the project by
Foremost Food Ingredients of Baraboo, WI. Dried permeate was weighed and mixed into
Q0 gallon jacketed feed tanks which were held at 150-170 F. The basic ingredients used
are shown in Table 1

Table 1. Feed Make-up for Yeast Reactor

Per each 100 # permeate at 80% lactose:
24# NH4504
920 ml H3PO4 (75%)
250 ml H2S04
1.5 g. niacin
0.45 g. pantothenic acid
61 g. trace elements @ 64% FeSO4
5.2% CuSO4
27% ZnSO4
2.1% MnSO4
1.1% Na2MoO4
0.2% CoCl2
400 ppm Na2SO3
4 L Comn Steep Liquor (30% TS)



Total salts and nutrients to lactose ratio of feed 0.61/1.0

Experimental Performance of the Pilot AGCIY

The Aerobic Gas Continuous Immobilized Yeast (AGCIY) reactor was initially
seeded on 12/1/93 with 60 gallons of aerobically grown yeast. A 5% whey solids stream
with nutrients as shown in Table 1 was started at 3 Liter per hour (LPH). Effluent lactose
level was monitored using HPLC and brix readings. (Brix reading were correlated by the
HPLC allowing rapid determination of lactose levels.) Some foaming was noted, and sil-
icon and vegetable oil antifoams were added to the liquid resevoir (aquarium) at the bot-
tom of the reactor. Few yeasts were noted in the overflow (0.1 g/l cells) as most cells
were attaching to the matrix. On 12/3 it was noted that mold growth was beginning on
the matrix, while the pH of the medium had dropped to 2.3-2.7. By 12/4 large mats of
mold had formed, blocking much of the spacing between the matrix sheets. The reactor
was turned off, cleaned in place by a pressurized water spray.

The reactor was sterilized by using a 0.5% formaldehyde solution recyling in the sys-
tem, while inhibition studies with propionate were undertaken to be able to inhibit mold
growth in future studies. It was found that 400 ppm propionate would stop mold growth
without hurting yeasts. Yeast growth was inhibited at 1000 ppm propionate, with a 19%
inhibition of 72 hour concentration with yeast strain 2415, and a 40% inhibion of yeast
density with strain 1109. In our futher studies, 400 ppm propionate was added to the
feed.

The effectiveness of the washing procedure was determined by adding a yeast stream
to two cloth samples (dimensions 2 by 10 cm) #1 from the reactor, and #2 a fresh clean
cloth sample. Yeast holding in the old matrix was determined to be about 50% reduced
as compared to the new matrix (.31 g cells adsorbed onto the new matrix with .16 g cells
adsorbed onto the new matrix). Total weight of the dried matrix samples after adding of
the cells was 29.95 g for the fresh matrix and 34.45 g for the sample from the reactor.

The seed tank was again innoculated with 60 gallons of yeast prepared. On 12/19, an
innoculation of 2.8 g/l cells was taken over to the reactor. A feed of 5% whey w/
nutrients was added at 2.4 LPH. On 12/20 5" of foam was noted in the LR, with a cell
density of 16 million cells/ml (0.5 g cell/L). Temperature was held at 92 F. by steam
addition to the humidifier. By 12/22 yeast build up on the matrix could be noted visually
with streaks of grey/white noted. The feed rate was increased to 7.2 LPH. By 12/25 a
high concentation of yeast was beginning to be shed from the reactor-50 million cells/ml
(1.5 g/L). On 12/27 the feed rate was increased to 10.5 LPH, with 1.05 billion cell/ml
noted (32 g/L). The cell density dropped for the next few days to 0.4 billion cells/ml (17
g/L). On 1/1/94, the feed was adjusted to 10% permeate plus nutrients. Some mold was
noted to be coating the outside portions of the matrix which were not being hit with the



feed spray. On 1/2/94, a cell density of 1.1 billion cells/ml (35 g/L cells) was recorded at
a feed rate of 5.3 LPH with an outlet lactose level of 0.25%. 1/3 data showed 0.3 billion
cells/ml, 9.3 g/L cells, no outlet lactose, and no ethanol at a feed flow rate of 5.0 LPH.
1/8 data showed 0.57 billion cell/ml (17.6 g/L) yeast with some bacteria. Antibiotic
(penicillin-streptomyocin) was added on a daily basis. 1/11 data indicated 0.5 billion
cells (15.6 g/L) cells with fewer bacteria. Foaming continued to be a problem with the
reactor. Occaionally the foam was quite stiff and hard to dissipate even with fairly large
added doses (10 ml) of antifoam.

On 1/12 the feed strength was increased to 15% whey permeate plus nutrients for a
total feed brix of 16.7. Feed rate was adjusted to about 3.2 LPH. A cell count of 0.4 bil-
lion cells (12.5 g/L) was noted on 1/13. 1/15 showed 0.75 billion cells (24 g/L), while on
1/16 0.95 billion cells/ml were counted (29.5 g/L).

On 1/21 the feed concentration was again raised to 20% inlet brix of 19.4 and the feed
rate adusted to 2.1 LPH. A cell count of 1.2 billion cells (35 g/l ) was noted on 1/24.
Foaming problems were reduced at the slower feed rates given to the reactor at 15 and
20% permeate probably due to the slower rate of antifoam washout. On 1/25 a cell count
of 1.8 billion cells/ml (55.8 g/L) was recorded.

On 1/27 the feed concentration was increase to 30% whey permeate. A cell count on
1/31 showed 0.85 billion cells ( 26 g/L ) with an inlet brix of 32 and outlet brix of 21.4.
The cells seemed to be smaller than normal on a visual inspection. A crack in the side of
the reactor developed at this time and was closed with a strip of duct tape. On 2/2, an
outlet brix of 20.8 was noted with 0.48 billion cells/ml counted (14 g/L).

Analysis of Results

Feed flows, inlet and outlet lactose levels over the 50 day experiment are shown in
Figure 4. We see that outlet lactose levels were kept low throughout the experiment, with
some higher levels (2-3%) noted at the end of the trial where 30% whey permeate was
fed. Figure 5 shows yeild, Y x/s, grams of yeast (dry basis) per gram of lactose disap-
pearing from the reactor. We see that yields dropped from near theoretical (.5 g/g) on 1/4
when bacterial infection was noted in the reactor. Mold growth may have also contri-
buted to lower yeast yields. Yields stabilized at 0.2-0.3 as the feed concentration was
raised from 10 to 15 to 20%. However, at 30% feed, yields dropped considerably. Lac-
tose utilization rates were relatively constant at about 2.0 g/L for all the feed rates, with a
slight loss in reaction rates as feed concentration increases.

Table 2 shows lactose utilization rates and yeilds obtained by various researchers pro-
ducing yeast from whey in batch and continuous reactors.

Our calculations indicate that the liquid hold-up in the reactor is about 25%, so that on a
liquid hold-up basis, reaction rates in the AGCIY are about 10 g/l-hr. This compares well
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to most of the results given in the literature.

Conclusions

From these results we can conclude:

1) the reactor can be operated on a continuous, low labor, low trouble manner for
extended periods of time.

2) Lactose utilization rates are similar to batch yeast growth rates as reported in the litera-
ture on a volumetric basis, but higher on a liquid hold-up basis.

3) The reactor should be designed to have sterile operating conditions. Bacteria and mold
both were determined to be able to co-exist in the reactor. Adding propionate can control
molds, and low pH combined with antibiotics can control bacteria, but it is preferable to
not add these compounds.

4) Yields in the reactor were lower than would be ideal, although near 100% efficient
yields were noted for during week 2 of operation at 5 and 10% whey feeds. We feel that
yields dropped due to competing organisms in the reactor. Yeilds of 0.2 to 0.3 (40 to
60% of theoretical) were noted for operation at 15 and 20% whey permeate feed concen-
trations.

5) A feed concentration of 30% caused yeild performance to drop considerably. We
suspect that the salt concentration is inhibitory at this level of feed.

Process Economics for the AGCIY reactor.

A process. for the conversion of whey permeate to yeast is shown in Figure 6. In this
design, a 0.2 micron sterile filtration system is suggested for feed sterilization. The con-
centrate from this membrane process can be taken back to the UF system to improve
yields. A flash heat sterilization could also be used, although it is important to keep flow
turbulent when heating and cooling whey permeate as there is a tendancy for minerals
from the whey to preciptate onto heat exchange surfaces. In Table 3, the economics of
yeast production by a standard process as suggested my Maiorella (1984) is compared
with the AGCTY reactor. Both processes are characterized by an input stream of 100,000
#/day of 6.2% whey permeate. The conventional process converts the whey lactose to
yeast, centrifugally collects the yeast, and discards 70,000# day of exhaused (de-lactosed)
whey permeate with a BOD estimated at 10,000 ppm to a waste water system. The
AGCIY system concentrates the whey by a factor of 3 to 18% solids using RO, sterilizes
the concentrate using a 0.2 micron membrane, and this concentrate is converted to a 12%
solids mineral yeast product. As per Table 3, energy use by the AGCIY reactor is

e ————



estimated at 16 HP versus 105 HP for the conventional fermenters, a reduction of about
85% in energy use. Drying costs are similar for the two processes. Costs for concentrat-
ing the whey with RO are comparable to the cost of treating the waste water in the con-
ventional system. Capital costs for the AGCIY reactor are about 79% less than the con-
ventional fermenters. Total capital cost for the AGCIY system is estimated at $365 K
(bare module cost) versus $827 K for the conventional system.




Table 3.

Preliminary Economic Comparison of the AGCIY Reactor for Yeast Production versus
Conventional System.

Basis- 100,000 #/day of incoming 6.2% whey permeate (5% lactose).

Conventional- Two stirred, aerated fermenters (20,000 gal each), a centrifuge, yeast
cream storage, and drier , Y
e0”= '
Capital Equipment ‘7’V’U
1) seed tank- 400 gallon- $8.5%(980/560) -----> $12.8 K~
2) fermenters- 2@20,000 gal- 2*(20,000/10,000)".6*$100. 5%980/560
w/ agitators, cooling coils, aeration-----> $528 K ~—
3) centrifuge- 1 10 HP- $18.9*(10HP/SHP)".8*(980/560) Q

4) fluidized bed drier- 26,000#/day water removed ----- >$90 K
5) 70,000 # day waste water @ 10,000 ppm BOD ------ > $150K

TOTAL $827 K
Energy Requirements
1) fermenter- air compressor ------- 75 HP
agitator-------------- 30 HP
cooling water--------- 30,000 #/hr
2) centrifuge- 10 HP
3) Fluid bed drier 60 MSCF/day
4) Waste water (0.5 KW#BOD)------------ 300 KW-h/day

Energy Costs---(elect .05/KW-h, gas $4/MSCF, $.01/1000# CW)---> $358/day

Product rate: 2,500 #/day dried yeaét at 85% yeast, 15% minerals

ceae s o v e e —
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AGCIY Reactor Economics- RO conc./memb. steriliz, AGCIY Reactor, Fluidized
Bed Dryer

Capital Equipment
1) seed tank- 400 gallon- $8.5*(980/560) -----> $12.8 K
2) RO/.2 micron membrane system (3X to 18%)
$120K *(980/760) -------> $153 K
3) AGCIY fermenter- 1@750 ft3 w/ 1 HP blower---> $110 K
4) fluidized bed drier- 28,800#/day water removed ----- >$90 K

TOTAL $365K
Energy Requirments
1) RO/ .2 micron system --------- 30 HP
2) AGCIY reactor --------- > 26 HP

3) fluidized bed drier- 67 MSCF/day
Energy Costs---(elect .05/KW-h, gas $4/MSCF, $.01/1000# CW)---> $315/day
Product yield -------- > 3,850 #/day of mineral yeast (55-65% yeast, 35-45% minerals)
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Development of an Low-Energy Reactor-Separator Process
for the Production of Ethanol from Grain or Biomass

3. Executive Summary

A novel reactor/separator is coupled with a solvent ethanol recovery system to give a
low energy continuous process for the production of ethanol from starch or biomass.
Combining reaction with separation allows the fermentation of highly concentrated
streams of up to 50% solids. Simultaneous saccharification and fermentation of polysac-
charides such as starch and cellulose can be quickly completed in the Continuous Reactor
Separator (CRS). Preliminary calculations indicate that anhydrous ethanol ethanol may be
obtained from feed concentrations as low as as 3 to 4% sugar with an energy consumption
of only 10,500 BTU/gal for ethanol recovery and dehydration when the CRS is coupled
with solvent absorption recovery of the ethanol. This system will allow lower capital,
lower energy usage, and lower labor production of ethanol. This CRS is a new type reac-
tor which allows simultaneous saccharification, fermentation, and ethanol separation in a
combined process. Combining these reactions allows significant improvements in each
operation.

In this project, two basic efforts are proposed, 1) lab scale development of the CRS
followed by 2) pilot scale testing of the technology on the 5,000 liter scale. A process for
ethanol from ground corn has been designed which incorporates near complete recycle of
the ensymes, cells, and water, so that the only process effluent is a compressed wet
distiller’s grain. Two technologies will be developed in conjunction with the CRS during
the lab scale testing in the first year of the project, 'no cook’ saccharification, and extru-
sion cook liquefaction. The 'no-cook’ process has energy advantages, but may not be
ready for implementation on the pilot scale, while the extrusion cook has been reasonably
well demonstrated by a number of researchers. During the first year, lab scale work will
focus on batch experiments along with construction and operation of a 4 liter CRS. Based
on batch tests, the simultaneous saccharification and fermentation of starch will be demon-
strated on the bench scale CRS. The effects of the recycling the liquid from the effluent to
the reactor inlet will be documented. During the latter part of year one, a 5,000 liter CRS
will be constructed at a small ethanol facility. This pilot plant will then be operated during
year two of the project. During year two of the project, lab scale experiments will focus
on using biomass (cellulose-hemicellulose streams) for reactor feed.

The reactor-separator consists of stirred tank type reactors operated in series, with the
liquid streams moving from tank to tank contacted with a stripping gas to remove the
ethanol product. Saccharification (of both starch and cellulose)is sped by the reduction of
sugar concentration as the sugar is fermented to ethanol. Fermentation is sped by the
removal of the toxic ethanol product, and ethanol purification and concentration costs are
reduced by the enrichment of the ethanol in the vapor phase. The gas stream is co-current
to the tank to tank liquid flow in the enriching section, and counter-current in the stripping
section. The final effluent from the CRS is characterized by complete saccharification of
all polysaccharides, complete fermentation of sugars to ethanol and complete removal or
separation of the ethanol into the gas phase.



4. Rationale for Project

Current batch fermentation technology for ethanol production requires large scale
operations (12-50 million gal/yr of ethanol), a large capital investment ($2-4.00/ annual
gallon), and is energy intensive with an energy usage of 60-110,000 BTU/gal of ethanol
produced from corn. About half of this energy is associated with drying and evaporating
the stillage, and half with fermentation and distillation. Current ethanol production level
in the USA is at about 800 million gallons/yr. The total market for ethanol as a 10% blend
in gasoline would be 12 billion gallons. As more and more ethanol is produced, it is
important to our net energy position that ethanol be produced domestically in an energy
efficient fashion. A Continuous Reactor Separator (CRS) consisting of stirred reactors
matched with gas-liquid contactor stages has been designed and modeled. A patent
(#5,141,861) has been recently issued which decribes this reactor technology. This CRS is
a new type reactor which allows simultaneous saccharification, fermentation, and ethanol
separation in a combined process. Combining these reactions allows significant improve-
ments in each operation. The CRS offers a low energy, reduced capital, and reduced labor
process for the production of ethanol from starch or cellulose. The CRS system allows
both high concentrations and low levels of substrate to be converted to anhydrous ethanol
with low net energy consumption. Energy requirements for corn or grain to anhydrous
fuel ethanol have been estimated at only 8,500 BTU/gal for smaller scale operations where
the distillers grain is fed wet, and 28,500 BTU/gal for larger operations where the spent
grain is dried. This represents a reduction of 70 to 91% of energy production cost for each
gallon of ethanol produced. Total savings to1 ghc USA as this technology is implemented
and retrofitted could be as high as 8 x 10 "~ BTU/yr. As our nations oil supplies are
depleted, and clean air requirements are stiffened, the need for ethanol fuels is becoming a
national priority. If, however, current high energy technology (utilizing coal fired boilers)
uses 60 to 120,000 BTU’s of coal energy to produce 84,000 BTU’s of liquid fuel energy
per gallon of ethanol, the net effect is to produce a lot of coal fired boiler stack gas emmi-
sions to reduce car exhaust emmisions. The net effect on the US environment of this
trade-off is open to debate. We feel there is a strong need for new low energy ethanol pro-
duction technology in the USA.

Reduced export markets suggest that it is critical to develop internal uses for grain pro-
ducts in the USA. Rapid changes in commodity prices make it important for grain proces-
sors to be able to produce a variety of products based on immediate evaluation of demand
and profitability of these various products. The profitability of smaller grain processors
and local grain elevators could be improved by a smaller scale, lower cost, low labor
ethanol producion process. The current economics of scale for ethanol production force
very large (6 to 40 million gallons ethanol/yr at a cost of $2-3.00/ annual gallon) plants in
order to be competetive. With these large plants, a minimum investment of $18-80 mil-
lion is required, transportation of the grain, grain storage, and effluent handling are major
problems. Smaller, more numerous ethanol facilities would allow use of substandard
grain, corn fines, or waste starch streams from corn or potato processors on a local level.
Hauling costs would be minimized, and stllage utilization by local farmers can be maxim-
ized on a small 'community’ level. In order to make this practicable, the capital, energy,
and labor expenses associated with ethanol production must be minimized through new




technology. Design and experimental work at Purdue University suggests that a new
reactor/separator should offer dramatic reductions in cthanol production costs. Total util-
ity costs for the fermentation, separation, and production of anhydrous ethanol can be held
to under $0.10 per gallon for a concentrated sugar stream based on preliminary design
estimates. Initial cost estimates further suggest that capital, labor, space and effluent treat-
ment costs are low in comparison to conventional fermentation systems. The integrated
fermenter-separator was developed to allow continuous conversion of sugars to ethanol,
and an immobilized cell type reactor-separator (ICRS) has been tested on whey lactose,
glucose and sucrose streams. The ICRS concept has been tested, scaled-up and proven for
concentrated lactose streams. We now wish to expand this technology to grain and cellu-
losic streams in a low effluent process.

In this proposal a two year project is proposed to allow experimental and design work
to be performed to test a continuous two step (starch or cellulose to sugar/ sugar to
ethanol), high efficiency, low effluent process for ethanol production. It is expected that
this technology will make ethanol production economic on a smail scale (200,000- 2 mil-
lion gal/yr). This work will further include modeling, design, and optimization of various
sized operations. During the first year of this project, we will be focussing on grain
(starch) to ethanol production which currently represents the largest feedstock utilized for
ethanol production. Lab scale batch and CRS experiments will be performed. A 5,000
liter CRS will be designed and constructed during the latter part of the first year. This
CRS will be operated during year two of the project while in the 1ab the use of cellulosic
feed stocks will be studied with the intent of developing ethanol processes from non-food
sources.

S. Decription of the Research
There are three major goals for this project:

1) Determination of starch hydroysis/fermentation kinetics in the CRS
a)’'no-cook’ kinetics
b) extrusion cook kinetics
c) construction and operation of bench scale 4 L CRS
d) effects of broth recycle on reactor performance

2) Design and construction of 5,000 L CRS for operation on ground com, starch, and waste
sugars at a small ethanol facility and

3) Demonstration of a cellulose/hemi-cellulose to ethanol process using the CRS technology
(bench scale tests).



Apparatus (CRS-Solvent Ethanol Recovery) Design

During the last several years, our research group has been working extensively in the area of
immobilized cell reactor technology, combining the continuous advantages of immobilized cell
reactors with separation of an inhibitory fermentation product (Dale et al, 1985 a,b). This work
has led to the design of several reactor separators (Park et al, 1989, Lee et al. 1990) for the vola-
tile production of products other than ethanol. We have also been scaling-up an Immobilized
Cell Reactor Separator (ICRS) for large scale ethanol production from clear liquid substrates.
The ICRS incorporates a similar gas phase stripping concept as being developed for the CRS.
We have thus gained a good deal of experience with gas-liquid separations. A 50 liter ICRS has
been built and operated at Purdue over the last few years for operation on concentrated whey
permeate (Dale et al, 1991) and is currently being modified for operation using solvent ethanol
recovery. Currently, one 7,500 liter ICRS reactor is being built for installation at an Iowa site by
Permeate Refining Inc.(Dale, 1992) with several others in various stages of design and siting.
The ICRS utilizes cells immobilized onto a special matrix having adsorbant properties. Despite
several advances in scaling-up and improving this immobilization matrix there is currently no
way a stream containing insoluble solids could pass through the system without clogging the
matrix.

A reactor-separator using stirred tanks in series has been developed and patented which
should allow the feeding of insoluble solids. This continuous continuous reactor-separator
(CRS) consists of a series of reactor stages, where each stage consists of 2 stirred tank reactor
coupled to a gas/liquid contacting portion as shown in Figure 1. The stages are stacked in such a
way that there are two basic gas/liquid flow portions of the reactor. A co-current gas/liquid flow
section termed an enricher where the ethanol level is allowed to build-up, followed by a counter-
current gas/liquid portion where the reaction is completed and the ethanol stripped, with the net
effect that the fermentation broth leaving the final stage of the stripper has no fermentable sugars
or ethanol remaining. The method of stacking the stages is shown in Figure 1. The calculated
cthanol and lactose profiles of a 8 stage CRS are shown in Figure 2. It is the goal of this propo-
sal to build and operate this reactor on a bench scale, using ground corn and starch during year 1,
and cellulose-hemicellulose during year 2. A 4 liter bench scale reactor will be operated to test
the ability of the CRS to complete its three objectives: 1) saccharification, 2) fermentation, and
3) separation of ethanol. This unit will consist of four 1 liter stages as shown in Figure 1. The
concept incorporates conventional stirred tank in series reactor technology with co- and
counter-current gas phase product stripping from the fermentation broth as the broth moves from
stage to stage. This separation has the effect of decreasing the ethanol concentraton in the
stirred tank reactors, increasing the rate of ethanol production by the cells. The design and con-
struction of a gas-liquid contactor portion of the CRS stage should have the properties of: a)
close approach to gas-liquid equilibrium b) low gas phase pressure drop and c) non-clogging. A
long trough type bubble cap type contactor will be used in the test CRS which should allow good
turn-down performance.

During the last part of the first year of this project, a 5,000 liter CRS (5-1,000 L stages) will
be constructed. This unit will have a diameter of 4.5 feet, and a height of 23 feet. The kinetics
of extrusion and/or 'no-cook’ saccharification will be used to predict the performance and help
in the design of the unit. An Iowa company which is in the business of converting waste sugars
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Table 1

of Ethanol Fermentation Processes
(2 Millioa Gal/Yr Scale)
Reactor Type Rescdon Rate  Res, Time  React Vol Capiml Cost
(gNt*hr) (he) (ga) for fermenter
1) Bach 20 48 (24,000]*7 $1,066,000
2) CSTR (1 stage) 0.6 160 300,000 $545,000
3) CSTR (3 stage) 37 24 (16,000]1*3 $372,000
4) CSTR (S stage) 49 15 (7.5001*5 $425,000
5) CSRSS (§ stage) 3535 25 [1,000]*S $155,000
6) CSRSS (8 sage) 413 22 600]*8 $192.000
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Figure 2. Calculated lactose and ethanol concentratioas in an 8 stage CRS.
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to ethanol has agreed to participate in this project by siting the 5,000 liter unit. Negodations are
still underway about actual contractual and funding arrangements for the CRS siting. Permeate
Refining Inc. is currently siting a 7,500 liter ICRS for the conversion of whey permeate concen-
trate to ethanol at this same site. PRI also receives large amounts of waste starches and sugar
streams, as well as being sited within 100 feet of a grain handling facility. Ethanol recovery
from the CRS will be integrated with the ethanol recovery system used with the ICRS.

A high cell density in the CRS stages will be maintained by 1) the continuous addition of a
small number of DADY type Saccharomyces cerevisae yeast or a thermotolerant, osmotolerant
strain of S. pombe maintained in our lab. 2) recycling the cells from the effluent stream to the
inlet stream. pH of the reactors will be controlled at 3.5 to 4.0 so as to minimize problems with
bacterial contamination. The rate of ethanol production can be determined as a function of the
environment in each stirred reactor.

X5 = VEP.5) = Vs PO [

Where X, is live cell density, f(P) is an ethanol inhibition function, f(e) is an osmotc inhibition
function, and f(s) is a low sugar concentration inhibition function. Ethanol inhibition, f(P) is
generally linear with concentration,

[2]

P
fP)= [1 - ',;:]
Osmotic inhibition is generally linear beyond an initial threshold concentration, ;.

(3]

&)= {1 - i;ﬁ]

Dale et al, (1990b) showed that both ethanol and high substrate inhibition for several strains of
yeast are largely an osmotic effect so that equation 3 may sometimes be used to describe sub-
strate, osmotic and ethanol inhibition. Inhibition due to substrate exhaustion is generally
modeled using the Monod model.

; ] [4]

f(")=[K,+s

By removing ethanol from the fermentation broth, net fermentation rates are improved. For
a basal case of 20% glucose feed, 50 g/l cells in the fermentaton broth, the fermentation




performance of several fermenters were calculated using a basal size of 2 million gal/yr ethanol
plant scale (Table 1). For batch operations, seven 24,000 gallons fermenters would be required,
while for a single stage CSTR (Continuous Stirred Tank Reactor) with final ethanol concentra-
tion of 98 g/, a 123,000 gallon tank would be required. Fermentation performance is improved
when three CSTR's are run in series. Average reactor productivity jumps from 0.6 g/l-hr to 3.7
g/l-hr as only the final stage of the reactor is seeing the 98 g/l-hr ethanol which is quite inhibi-
tory. Average productivities rise again when five stages are utlized, but net capital cost is
higher due the added expense of more fermenters. The CRS has a productivity of 35.5 g/-hr
with complete fermentation of a 20% feed in a 2.5 hour residence time. Ethanol levels are held
to under 50 g/l on any stage to maximize fermentation rates and minimize ethanol catalyzed cell
death. Captital cost for the CRS with 5 stages is only 15% of the cost of a batch reactor system.
As with the CSTR's, added stages, while improving average productivity, cause net capital cost
to be somewhat higher (an 8 stage CRS costing more than a 5 stage system).

Energy savings are attained by combining the CRS reactor concept with solvent absorption
of the ethanol from the gas stream exiting the CRS as shown in Figure 3. The ideal solvent for
absorption of ethanol from a gas stream would have the following properties: low vapor pres-
sure of the solvent, solvent miscible with ethanol, solvent vapor carry-over non-toxic to ferment-
ing microbes in CRS, low solubility of water in the solvent, and low solubility of solvent in

-water. The ideal solvent would absorb only ethanol allowing an anhydrous ethanol product to be
stripped off from the solvent/ethanol stream from the absorber. However, all solvents having the
ability to solvate ethanol also dissolve some water. Tedder et al. (1986) state that the solvents
they tested for direct solvent extraction of ethanol have a 3 to 5% water weight fraction in the
solvent phase when contacted with an aqueous phase. By not actually contacting the solvent
with the aqueous phase, the water concentration in the solvent is reduced in the CRS/solvent
absorption process. Solvents have been screened for direct solvent extraction of ethanol by
several researchers (Roddy, 1980; Arenson et al, 1990; Kollerup and Daugulis, 1985; Munson
and King, 1983). Each solvent can be characterized by an equilibrium distribution coefficent for
ethanol between the water and solvent phase, as well as a distribution coefficient for water
between the aqueous and solvent phases. Dividing the ethanol distribution coefficient by the
water distribution coefficient gives a separation factor, o, which describes the relative affinity of
the solvent for ethanol over water. Dodecanol, found by Minier and Goma (1982) to be non-
toxic in direct solvent extraction in-situ separation, has an ethanol distribution coefficient of .21,
and an ethanol/water separation factor of 21. Work by Kollerup and Daugulis, (1985) indicated
that dodecanol was somewhat toxic to micobes. Research in our labs has shown that dodecanol
in direct contact with immobilized cells was toxic to yeast, but when used as vapor ethanol
absorber, the dodecanol vapors carried over to an immobilized cell type reactor were not toxic,
with fermentation rates of immobilized cells stable over 4 to 6 days (Lec and Dale, 1991 unpub-
lished data). We are currently evaluating solvents with separation factors of 50-90, whiclj would
give the ethanol concentrations as shown in Figure 4 when water and ethanol are strippgd from
the solvent. By not actually contacting the cells with an organic phase, toxicity probléems and
solvent loss into the water phase are both minimized.

Combining the ethanol enrichment of the CRS (vapor concentration of 5 to 8 times higher
than liquid) with the enrichment of ethanol in the solvent absorber ( limited water solubility in
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the solvent) allows highly concentrated ethanol to be easily recovered from the solvent in a sol-
vent stripping column. As the solvents currently under consideration are 'high boilers’ only
trace amounts of solvent vapor enter the CRS, and based on studies to date with an immobilized
cell reactor, these vapors leave the reactor at the same concentration as they enter.

An anhydrous ethanol product may be recovered from the solvent using a simple extractive
distillation procedure using the same solvent used for the ethanol absorption. This process has
been designed, tested, and is in the process of being incorporated into a detailed stage-by-stage
multi-component model of the separation system. Preliminary hand calculations indicate the
system will allow an an anhydrous product to be obtained at a low energy cost as shown in Fig-
ure 4. It can be seen that as the ethanol concentration in the stage from which the gas exits is
allowed to increase, energy costs for ethanol recovery drop. The selection of solvents and test-
ing of the SAED system was decribed in a paper recently given by Dale (1993).

Demonstration of a continuous low-effluent dry milled corn to ethanol process

The major year one effort of this project involves utilizing the CRS test reactor for milled
grain first on the bench scale CRS, and then the construction of a 5,000 liter pilot unit. The corn
grits must be converted to fermentable sugars before or during the fermentation process.
Research goals during the operation of this 4 L test unit include:

a) Determining the kinetics and feasibility of a "'no-cook’ saccharification of raw starch using
extrusion. We have begun some preliminary 'no-cook’ saccharification studies in our lab Prel-
iminary results using a commercial ensyme with both alpha amylase. and glucoamylase func-
tions were fairly successful. Glucose inhibition of ensymatic action was noted to increase at
lower temperatures. This suggests that simultaneous fermentation and saccharification may
prove very important to being able to use the 'no-cook’ saccharification process for raw starch at
high concentrations. These results are similar to the kinetics determined by Matsumura et al
(1987,1989) for raw starch saccharification using a giucoamylase with sweet potato starch. We
found up to 80% conversion of purified corn starch and dry milled com could be attained in a
'no-cook’ ensymatic process. Our lab found that the use of milled malt enhanced the
saccharification process as shown in Figure 5 (Dale et al., 1993). During year one, we will do
more extensive kinetic studies on this 'no-cook’ process and test it for a 3 week (21 day) con-
, tinuous run with the CRS. The basic design of the feed and effluent flows for the proposed pro-
cess is shown in Figure 1. We see that dry milled comn is introduced on a continuous basis to the
first stage of the CRS, along with the liquid recycle from the reactor effluent. The corn solids
will be separated using a sieve (fine mesh screen) press. (A semi-continuous separation of the
solids will be practiced in the lab. The use of a cheese press available in the Food Science pilot
plant is being considered for liquid-solids separation). These solids will be taken off, while the
liquid stream containing cells, ensyme, water, and some soluble non-fermentables will be taken
back to the first stage of the CRS. Some preliminary tests will also be run on the effects of
growing various strains of Aspergillus niger on wet corn and using this as a ensyme source.
Several researchers report good results with this type process (Han and Steinberg, 1986; Fujio et
al, 1984; Ueda et al, 1981).
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b) Testing of a continuous high pressure, high temperature extrusion gelatinization of starch.

The possibility of extrusion cooking of milled corn has been examined by a number of
researchers (Ben-Gera et al. 1983; Linko et al., 1983; Park et al., 1987; and Downs et al, 1982
among others). This has been shown to be a quick and effective method of cooking the com.
Because the com is cooked at low moisture, much less energy is regired, there is no need to heat
up 8# of water with 2# corn as in conventional cooking processes(9-12,000 BTU per gal.
ethanol). Downs et al. suggest 15-18% moisture is ideal for 'dry cooking’ of starch. Ben-Gera
et al. (1983) show that energy requirements for dry extrusion gives a 50% decrease in net energy
use, while wet extrusion cook (25-40% moisture) can reduce energy use by 75% to about 3,000
BTU/gal.

In our work, we will use 30-40% moisture extruded com grits and feed these to the CRS
along with the liquid recycle stream. An extruder (Brabender model 2003) with alpha-amylase
(Taka-therm by Solvay Ensyme) added to the feed will be used to obtain a liquified starch (corn
grits) stream following the procedures suggested by Ben-Gera et al (1983). The saccarification
kinetics of the liquified corn grits/starch stream from the previous liquifaction step will be deter-
mined at various concentrations (20-50% solids) using both fresh water and recycled fermenter
effluent to dilute the inlet starch stream. Commercially available glucoamylase enzymes (*Gaso-
lase’ by Bio- Con, or Diazyme by Solvay Enzyme) will be added at various concentrations.
These experments will be conducted in small stirred batch reactors, and the best conditions repli-
cated in a the CRS reactor. A 20 to 30 day run of the CRS on extruded com grits will be per-
formed using the results of the batch experiments to optimize extruder operation parameters
(moisture and temperature).

c) Testing of high pressure, high temperature acid hydrolysis of starch using extrusion.

Acid hydrolysis may be cheaper and more effective than ensymatic starch hydrolysis. In
general, higher temperatures allow lower acid levels, so that the high temperatures created by the
extrusion process may allow a fairly low acid concentration to give good hydrolysis. This might
be aided by the use of yeasts which have some ability to break down starches. Amyolytic and
glucolytic ensymes are produced by yeast strains such as Schwannomyces castelli,
Endomycopsis fibuligera, and others (Stewart et al, 1984). Sample strains of several of these
amyolytic yeasts have been obtained for preliminary experiments. Acidic conditions during fer-
mentation are advantageous for yeast as long as the pH is above 3.5 The performance of the
extruder as an acid-starch hydrolysis reactor will be evaluated in preliminary tests. If the tests
seem successful, or if process modeling indicates that this process has major cost or energy
benefits, this process will be more thoroughly studied.

d) Determination of the effects of ’thin stllage’ recyle on long term reactor performance.

The processes proposed use recycling of the supernate from the centrifugation or straining of
the reactor effluent. This will allow recycle of cells, ensymes, and non-fermentable solubles.
There will be some build-up of these non-fermentable soluble solids, so in the course of our
work, we will determine the net long term inhibitory effect of this recycle stream. Work by
Nofsinger et al. (1981) showed no major problem with thin stillage recyle, but our system will be
running at a higher total solids. The limits of total solids which can be handled by the system are




set either by the ability of the fermenting microbes to withhstand highly concentrated environ- -
ments or the total viscosity of the fermentation broth. The limit on feed concentration becomes
the ability of the fermenting organism to tolerate highly concentrated feeds. Organisms can be
chosen which are more tolerant of high osmotic environments. Dale et al (1991), showed the
long term ability of a strain of S. pombe to ferment 50% solids molasses or up to 60% sucrose
solutions in an immobilized cell reactor separator. In an immobilized reactor, conditions at each
point in the reactor must allow some growth for stable reactor performance (Dale et al, 1990a;
Chen et al, 1990), while for the CRS, as long as there are conditions for growth in some of the
reactors, stable performance can be maintained (as long as net cell growth rates exceed loss and
death rates). Dale et al (1990b) however, also showed that growth of yeast tends to be more
strongly inhibited by high osmolality than is ethanol productivity, so if cell growth is required
for long term operation of the CRS, solution osmolality may limit permformance.

¢) CO2 management

The CO2 will be circulated through the reactor at a ratio mV/L of 2.5 where V is the molar
flow rate of CO2 and L is the molar liquid flow rate. CO2 given off by the reactor will be taken
off after the absorption of the ethanol as shown in Figure 1. The CO2 will be circulated using a
small 26 lpm diaphram type Gast pump on the lab scale, and with a centrifugal blower in the
pilot plant. Pressure drop through the CRS is estimated at 1.5-2" H20 per stage or about 8"
through the 4 to 5 bubble or tray cap plates. Pressure drop through the absorber and iniets and
outlets will be designed to be less than 4" for a total pressure drop of about 12" H20. The
amount of CO2 given off will be monitored as an easy method of detemining the reaction rate, as
CO2 and cthanol are generated on an equimolar ratio when sugar is fermented. Temperature of
the reactor system will be controlled by the circulating gas stream. The CO2 acts as a tempera-
ture control device, as it takes a lot of energy both to heat and saturate the CO2 at 38C. (A 2

degree increase in temperature raises the cthalpy of the gas stream from 72 BTU/# to 82 BTU/#
or 14%.)

f) 5,000 L CRS Pilot Scale Unit

A 54" ID cylindrical CRS consisting of 5 stages will be constructed. This unit should have
an ethanol production capability of between 150 1o 450,000 gal/yr depending on yeast density
and activity in the reactor. The unit will be about 23 feet high and have five 1,000 liter stages.
CO2 will be taken from the CRS to a solvent absorber for ethanol removal, with the CO2 then
recirculated back to the CRS system. The system will be designed to have a gas flow which can
be varied between 4,000-8,000 CFM at 12" pressure drop. The unit will be constructed from 304
stainless steel. During the latter part of year one, the findings of the research performed during
the first 9 months will be used to select a process for saccharification to be used at the PRI site.
The system utilizing extrusion cook is the system requiring the least developmental effort as this
system has already been demonstrated to work by our lab and others, but exactly which method
of saccharification will be utilized will be determined as a function of experimental results.



The CRS for cellulosic feeds (Year 2- lab experiments)

The simultaneous saccharification and fermentation of cellulose allows improved
saccharification kinetics. This combination has been suggested and utilized by various research-
ers (Schell and Walter, 1991; Spindler et al,1991; Bowman and Geiger, 1984). Standard enzyme
kinetics for starch or cellulose saccharification generally follow Michaelis-Menton kinetics:

VaS [5 ]

V= K,+S

where S is the concentration of multisaccharide that the enzyme is hydrolysing. As the multisac-
charide has a high molecular weight, the molar fraction of the substrate S decreases sharply as
the multi-saccharide is hydrolysed to glucose. Simultaneous fermentation with saccharification
reduces product inhibition and the formation of undesirable side-products generally associated
with the saccharification process of both cellulose and starch. Product (glucose,or s) is more ini-
bitory to enzymatic cellulose conversion than enzymatic starch conversion. Cellulose hydrolysis
is more strongly product inhibited than starch with there being significant product (glucose) inhi-
bition or enzyme binding. Currently available cellulases are not particularly thermo-stable, so
that saccharification generally takes place at the same temperatures as fermentation. Thus simul-
taneous saccharification and fermentation of cellulose allows much improved rates for
saccharification.

Biomass such as corn stalks, wood chips, or straw is a mix of cellulose, lignin, and hemicel-
lulose. In order for the ensyme to be able to attack the cellulose, the biomass must be pretreated
in some fashion. Treatments include physical, chemical, and biological methods. Physical
methods include grinding, shearing, extruding, or irradiating. Chemical treatments include
alkalis, acid and solvents, while biological methods use lignin degrading organisms such as rot-
fungi. According to Ladisch and Swartzkof (1992), extrusion w/pressure seems to offer the most
economical method with an energy cost of about $0.005/# of biomass. We propose to cooperate
with Xylan Inc. who are developing an extrusion de-lignification process for biomass. Xylan
will run samples of various biomass products through their extrustion process and this will be
fed to the CRS process during year 2 of the project. In conversations with Mr. George Tyson,
president of Xylan, he indicated that he would be happy to work with our project, and that we
could just pay him a ’supplies’ fee for the extruded biomass product. Commercially available
cellulase will be used and strains of yeast able to convert xylose as well as glucose to ethanol
will be used. Sliniger (1988) worked with Pachysolen tannophilus, and other yeast strains have
been developed which can develop 6% ethanol on xylose (Chen, 1992).

6. Educational Features

This project will provide educational features for undergrads as we have been hosting British
chemical engineering students for research semesters for the last 3 years. We also generally
have one part-time undergraduate helping with the research and tests. The project will also pro-
vide funding for one graduate student who will be focussing his research based on this project,
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and finally we will be hiring on post-doctoral student who will be paid partly through this pro-
ject.

7. Facilities and Equipment

A well equipped biochemical and food process engineering laboratory and food processing
pilot plant are available at Purdue for this work. Instruments to be used for sugar and ethanol
analysis include a Waters HPLC fited with a column for sugars and organic acids using an
acided water eluent, a gas chromatograph with an flame ionization detector, autoclaves, a lam-
inar flow hood for cell transfers and sterile manipulations, many peristaltic type sterile pumps,
water baths, magnetic stirrers, incubators, etc. A Brabender extruder, with a four zone electri-
cally heated barrel, and temperature sensors is available for the liquifaction of starch. There is
also a Saeco pilot scale starch cooker available for research purposes. Several lab type centri-
fuges are available in our lab, along with one pilot scale basket centrifuge (for the separation of
insoluble solids from the various fermentation and hydrolysis solutions.

8. Matching Funds Narrative

Matching funds will be provided for this project from three sources. 1) Permeate Refining
Inc. has agreed to be a major project sponsor, providing capital, labor, and siting for a 5,000 liter
pilot plant. 2) Purdue University will provide some matching funds in terms of cost share for Dr.
Okos’s salary, and 3) the fabricator for the pilot scale has agreed to provide project input in
terms of design (CAD) and eliminating their profit mark-up on the unit. These inputs will be
documented by April 1. as per MPBC requirements. It is estimated preliminarily that these
inputs will be at approximately $150,000.
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Lactic Acid Production from Lactose by Lactobacillus bulgaricus
C.N. Burgos, M.C. Dale, M.R. Okos, and P.C. Wankat

Introduction:

The production of various chemicals utilizing renewable resources such as whey
lactose is becoming more important. A number of anaerobes or facultative anaerobes
ferment lactose to ethanol, lactate and acetate. Kinetics of growth and lactic acid
production by L. helviticus (Roy et al, 1987) and L. delbrueckii (Leudeking and Piret,
1959) have been reported. Yabannavar and Wang (1987) have established the effect of
disassociated and undissociated lactic acid on the specific growth rate. Anaerobic bacteria
use the Emden-Meyerhoff pathway (EMP) for converting lactose to pyruvate. Lactose is
converted to glucose and galactose with the help of the enzyme beta -galactosidase. The
effect of pH on the activity of this enzyme has been determined, and the initial step of
lactose metabolism is thought to be rate limiting (Shah and Jelen,1990). Beta-
galactosidase has a very low activity below pH 4 and has optimum activity around pH 5.5.
The effect of pH on the growth of Lactobacillus delbrueckii by the conversion of glucose
to lactic acid was shown by Yabannavar and Wang (1987). A similar study is performed
for L. bulgaricus utilizing lactose for growth in this study. Substrate inhibition has also

been included as a factor in growth and lactic acid productivity.

In this paper detailed batch kinetics for the growth of Lactobacillus bulgaricus,
including the effect of pH, substrate and lactate are presented. The effect of pH on the
fermentation is assumed to follow enzyme beta-galactosidase kinetics. Keller and
Gerhardt (1975) have studied the performance of continuous fermentation at pH 5.6. They
determined that three stages are sufficient for complete utilization of sugar, and they
operated the continuous system for more than 40 days. In this paper continuous

fermentation in CSTR mode has been modelled for Lacrobacillus bulgaricus. The effect



of pH and substrate on the continuous fermentation was determined. The number of stages

required for complete utilization of lactose was also determined.

Materials and Method:

The Lactobacillus bulgaricus NRRL B-548 was obtained from the United States
Department of Agriculture (Peoria). The MRS growth medium contained bactopeptone
10g/L, bactoyeast extract 5 g/L, bactomalt extract 10 g/L, dipotassium phosphate 2 g/L,
sodium acetate 5g/L, magnesium sulphate 0.1 g/L, manganese sulphate 0.05 g/L. and
varying lactose concentration of 20-100 g/L. 250 ml batch experiments were carried out
in 400 ml flasks and shaken at 200 rpm in a Aquatherm water bath shaker at a
temperature of 45 °C . Samples of 0.5 ml of the broth were pipetted out for analysis and
pH was checked every fifteen minutes. pH was controlled by the addition of 2N
ammonium hydroxide. The fermentation chamber was not aerated. Another batch
experiment at initial pH 6 and initial pH 6 and initial lactose concentration of 50 g/L was

run with no pH control. pH was measured over the course of the fermentation.

To measure cell growth a Turner spectrophotometer model 350 was used at 660 nm.
It was found that 1 OD unit corresponds to 0.54 g/L of cell mass. The samples were
diluted to keep the OD measurements in the linear range from zero to 0.3 OD. Lactose
and lactic acid concentrations were determined by using an HPLC, installed with a

column for carbohydrate analysis (Bio-Rad, Aminax HPX-87H).

Experimental Results:

Several experiments were nerformed in a batch reactor. As specified in previous
works, there are several factors involved in increasing the productivity. Some of them
were studied in detail. A set of experiments was run with no pH control. In these

experiments growth inhibition was observed. We proposed that this is due to a pH



decrease as lactic acid was formed. There is a need of determine the optimum pH

conditions and run future experiments under well controlled pH conditions.

These experiments were performed and very good yields were obtained. The growth
yield of Lactobacillus bulgaricus was increase three fold compared with the no pH-
control experiments. The conversion of lactose to lactic acid was very efficient. About a
90% of the initial lactose was converted to lactic acid under this conditions. Using this
microorganism an homolactic fermentation occurs and the presence of any by-product
was not detected using HPLC techniques. No CO, was produced during this
fermentation. In addition high concentrations of lactic acid were obtained (65 g/L). Figure

#1 illustrates these results.
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Conclusions:

Experimental results on the batch fermentation of Lactobacillus Bulgaricus in lactose
medium were presented. The fermentation time increases considerably with substrate
concentrations more than 60 g/L. At this concentrations is also observed that the initial
specific growth rate is low due to substrate inhibition. There is a considerably increase in
lactic acid productivity for pH-control batch fermentations as compared to the ones with
no pH-control. In addition high concentrations of lactic acid were obtained (65 g/L)

along with a high efficiency in lactose uptake.
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OBJECTIVES

The objective of this study is to develop a continuous process with immobilized plant
cells enhancing secondary metabolite production. Overall goal of this study will show the
immobilization of plant cells can enhance the secondary metabolite production. The major
problem associated with immobilization is the release of secondary metabolite from cells.
Using permeabilization reagent, this problem can be solved. Also elicitation technique is
used to enhance the production of phytoalexin, a typical secondary metabolite from plant
cells. Continuous process to produce secondary metabolite from plant cell can give a com-
mercial production of useful product from plant cells.

A model system is being studied for the production of sesquiterpene aldehydes, hemi-
gossypol and related derivatives, from cotton cell, Gossypium arboreum. To reach major
goal, four different researches have been done or will be performed. Cotton cell culture was
characterized in terms of growth and production relationship and phytoalexin production.
The effects of permeabilization using Dimethyl sulfoxide (DMSO) have been studied to find
out optimal time and DMSO level for effective permeabilization. Mass transfer model will
be proposed to explain the mechanism of permeabilization. The effects of elicitation using
culture broth of V. dahlige has been examined to investigate the mechanism of elicitation and
find the optimal elicitor concentration. Kinetic study will be performed to explain the effect
of elicitation on growth and production of phytoalexin. Batch cultures with immobilized
plant cells have been performed to compare with suspension culture and study stability of
immobilization process. A packed bed reactor will be designed to perform continuous pro-
cess with enhanced sesquiterpene aldehyde production. Immobilized cell reactors will be
packed with spirally wounded terry cotton and stainless steel spacer which can support the

shape. Bioreactor operation will be performed by changing flow rate to determine the mini-



mum flow rate for operation, and by cyclic treatment of DMSO and elicitor to minimize the
detrimental effect. A production model will be proposed to explain the operation of packed
bed reactor combining the effect of permeabilization and elicitation. More detailed descrip-
tion is summarized in followings;

*  Main Objective

Develop a continuous process with immobilized G. arboreumn cells to enhance secondary
metabolite, gossypol, production.

. Model System
- Production of gossypol related compounds from G. arboreum

> = Subobjectives
Characterization of G. arboreum
Permeabilize cells to release gossypol

géxltzxﬁnce phytoalexin, gossypol, production by elicitation using culture broth of V.
iae

Build, operate, and model immobilized cell reactors with enhanced gossypol production.




PRELIMINARY RESULTS AND FUTURE WORKS

Enhancement of secondary metabolite production can be achieved by immobilization and
elicitation. However,a continuous process with immobilization needs product release from
cell. In order to establish a continuous process which produce the secondary metabolite, it is
needed to characterize the factors which influence the secondary product formation. Four
different approaches have been tried including the characterization of G. arboreum, the
permeabilization of product from cells, the elicitation of phytoalexin, and the immobiliza-
tion processes. Preliminary results were focused on batch cultures to study the character-
ization of G. arboreum, the effects of DMSO on permeability of the cells, the effects of
elicitors on enhanced production of phytoalexins, and the effects of immobilization. Future
works will be focused on the modeling and the reactor operation. The effects of permeabili-
zation and elicitation will be modeled and these models finally will be combined to explain the

secondary metabolite production in packed bed reactor.

1. Characterization of G. arboreum

The growth conditions for various species of cotton cells, including G. arboreum, have
been reviewed in ‘Characterization of cotton cell’ section in literature review. Since defining
growth conditions for G. arboreum cells is not an objective of this study, general growth con-
ditions has been selected from review. All experiments and maintenance of ceils were
performed in dark room because illumination can result adverse effect on gossypol production
for G. arboreum cells. Sucrose is selected as a carbon source due to its versatility for both
growth and production. Linsmier-Skoog medium with NAA and 2,4-D is recommended for G.

arboreum cells.

The growth and production chazacteristics is important in order to develop a kinetic mod-



els for zrowth and production. Figure 2-4 shows a typical growth and production pattern of G.
arboreum cultivated in 30 g/l sucrose medium in terms of dry weight and specific production
of gossypol, respectively. From this figure, gossypol production from G. arboreum cells oc-
curred only after growth had slowed or ceased in batch operation. Although it can not be said
as strict non-growth associated pattern since production is somewhat related to growth, major
increase in production is in late growth phase or stationary phase. The production in early
phase can be explained by the non synchronized nature of cells. There might be some portion
of old cells in that phase and production can caused by the old cells. Although growth pro-
duction pattern-is not strictly non-growth associated pattern, immobilization technique is still
recommendable since its slow growth rate and nature of decouple of growth and production
mechanisms.

A range of sugar concentrations was tested to determine optimum concentration of su-
crose for later experiments. Figure 2-5 a,b show the effect of different sucrose concentrations.
During initial growth phase, phytoalexin accumulation shows a kind of gradient in terms of
different sucrose concentration. It is thought that cells respond to higher sucrose concentration
as a stress during early phase of growth and/or lag phase when cells are adopting those condi-
tions to environments. From Figure 2-5 a, the optimal phytoalexin production is obtained from
30 g/1 sucrose concentration. Batch culture of G. arboreum cells shows different growth when
different initial concentration of sucrose is added in the medium (Fig. 2-5 b). At low concen-
tration of sucrose (10 g/1, 20 g/l), it seems no lag phase is observed while long lag period is
observed in 50 g/1 sucrose. This result suggests growth is carbon limited and Monod equation

can be applied for kinetic study. The relationship for the specific growth rate is ;
u S
po= 1)
(S+K)

The two constants in the equation, ’ and Ks, can easily be determined from experi-
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mental data by plotting the reverse of the specific growth rate vs. the inverse of substrate

concentration (Lineweaver-Burk plot).

Leudeking-Piret kinetics has proved extremely useful and versatile in fitting product for-
mation data from many different fermentations. This equation combines growth-associated
and non-growth associated contributions:

dP/dt = o dX/dt + BX (2-2)

If we assume that i)hytoalexin formation is dependent only secondary metabolite pathway,
it can be considered as non-growth associated type production. Therefore above equation can
be reduced to dP/dt= BX in which the production is only dependent upon cell mass. This

production equation will be used in the kinetic study of elicitation and modeling of tubular

reactor.

2. Batch experiments for permeabilizing reagent.

A continuous process with immobilized plant cells needs product release out of the cell.
However, secondary products are often stored in the vacuole of the plant cells. In order to solve
this problem, permeabilization with chemical solvent has been considered. Effect of perme-
abilizing reagent, Dimethylsulfoxide (DMSO) has been investigated in suspension cell
cultures of G. arboreum. These cells naturally‘ release sesquiterpene aldehyde but the rate is
slow and it may be due to membrane disruption cause by cell death. Thus, the application of a
permeabilizing agent is recommended to promote rapid product release fOf a continuous

process.

Works to date

The effect of DMSO concentration on the permeability of G. arboreum cells was investi-

gated with various concentration of DMSO (0, 1, 3, 5, 10, 15, 20, and 30 v/v %) for 30 min.



Permeabilization is expressed by a ratio of released amount of gossypol related substance and
total amount in control suspension culture which contained 7800 ug/! of sesquiterpene
aldehyde. It is of importance to determine optimal concentration of permeabilizing reagent,
i.e., the mildest conditions for maximal effect, since it can be expected that the viability of the
treated cells is highly influenced by the DMSO concentration used. DMSO treatment of G.
arboreum cells enhanced release of intracellular sesquiterpene aldehyde as shown in Figure
2-6. Slight permeabilization is seen with low concentrations (1, 3%) but greater than § % is
needed for significant permeabilization of the whole cell. Release increases with increasing
levels of DMSO, but viability of treated cell is dramatically decrease with over 10% DMSO.
In order to determine the optimal time for permeabilization, cells of G. arboreum were
treated with same various concentrations of DMSO for various periods of time with subse-
quent measuring of gossypol related substances. Relative permeabilization was measured by
same calculation. Figure 2-7 shows a distribution of relative permeabilization as a function of
time. The rate of release is slowed after 30 minutes to on hour, taking in excess of 6 hours to
reach about 70% permeabilization as 5% of DMSO treated. Also, permeabilization is not
completed even after exposure of the cells for ten hour to DMSO levels causing near maximal
permeabilization. It might be due to diffusional limitation of treated cell membrane and/or
seems to be involved a slow dissociation of sesquiterpene aldehyde. Since the physiological
mechanisms involved in product transport and storage in cotton cell culture is not well under-
stood, it is difficult to study the dissociation of sesquiterpene aldehyde from the vacuole.
Therefore permeabilization process should be considered as a function of diffusional process

through altered membranes.
Figure 2-8 shows the effects of DMSO concentration and time o viability. G. arboreum

cells can not tolerate treatment with over 10% DMSO losing more than 75% activity in one

hour. On the other hand, viability of cells can be retained with up to 5% treatment. Viabilities
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Fig. 2-7 relative permeabiltiy as a function of time
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on 1 and 3% level keep at least 70% of activities during experimental period. Viability of cells
treated with 5% DMSO shows gradual decrease for one hour, then seems to retain 40%
activity. In the case of low concentration of DMSO treatment, it appears possible to perme-
abilize the plant cells while preserving viability. From above results, the lowest concentration
of DMSO required for significant permeabilization can easily be assumed as a range between
3% and 5%. Also, optimal time for adequate permeabilization for G. arbreum cell can be
estimated as one to six hour to reach over 70 % release.

In order to test continuous feeding of DMSO for continuous processing, a long term batch
culture was performed in the presence of permeabilizing reagent. DMSO levels are adjusted to
1, 2, 5, 10% considering detrimental effect on the cell during cultivation period. It appears
possible to permeabilize the plant cells while preserving viability. Figure 2-9 shows that
DMSO treatment of G. arboreum cells enhanced the release of gossypol related compound
about 12 times. The most efficient release of gossypol was performed at the concentration of 5
% DMSO for long-term experiment. Release increased with higher level of DMSO, but via-
bility in this levels was not retained at first time even though it has been restored gradually
after 6 days ( Figure 2-12). Figure 2-10 shows the relationship between growth and DMSO
concentration. The long lag period observed for the cells treated with over 5%. It may be either
due to survival of only a few cells or to slow recovery of the treated cells. Intracellular gossy-
pol were not fully released at the levels of 1 % and 2 % of DMSO (Fig. 2-11). It might be due
to poor configurational changes on membranes. Figure 2-12 shows the relationship between
the viability and DMSO concentration. Viability was well retained at low concentration (1,2%)
of DMSO for 20 days batch culture, but plant cells were inactive at high concentration in three
days. Viability of plant cells were partly restored at the concentration of 5%, while viability

was not detected at the concentration of 10 % DMSO.

Permeabilization of plant cells has been tested in this experiment. From this experiment,
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we can apply this technique to immobilized plant cells. Quantitative release of products is
possible under conditions where the viability of the cells is not affected to any great extent. A
continuous proc 3ss based on release of products can be developed. Also above results suggest
that it would be possible to release intracellular products by permeabilization.

3. Batch experiments for elicitor.

A number of plant products, i.e. the phytoalexins and related compounds, have antifungal
or antibacterial properties and are produced in response to pathogens. Their synthesis is known
to be triggered by specific elicitor molecules and this system is active in cell cultures as well
as in intact plants. The mechanisms of elicitor recognition by the plant cell are still not revealed
completely, but it is assumed as the induction of formation of the defense metabolites.

In this batch experiment, an application of elicitor has been studied to enhance the
productivity. Elicitor has been prepared from the wilt-producing fungi, Vertcillium dahliae,
strain 277 (non-virulent to cotton). Verticillium dahliae strain 277 was chosen as fungal elic-
itor due to its broad host range as well as its low virulence to cotton cells (207). Typical elicitor
preparation contained approximately 170 g protein/ml. In this experiment, A range of 5.6 x
104 to 5.6 x 10.3 g/l concentrations of elicitors from V. dahliae were added to 15 ml G. ar-
boreum cell suspension culture medium. Figure 2-13 shows the time course experiment of
specific gossypol production with medium containing different levels of elicitors. Optimum
specific production was obtained with elicitor concentration of 8.5 x 104 for the period of 25
days. However, treatment of 5.6 x 10.3 /1 elicitor concentration showed a decreased sesquit-
erpene aldehyde formation compared with other concentrations. The decreased rated might
imply degradation of cell viability and/or cell lysis caused by toxic effect of high elicitor con-
centration (207). The specific production has been increased in any case of elicitor reatment

15 folds to 40 folds. Figure 2-14 shows the effect of different elicitor concentrations on G.
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arboreum growth. Addition of elicitor to G. arboreum cell suspension cultures cause a de-
creased cell growth in all concentration observed. When higher concentrations of elicitor ( 5.6
x 10-3 and 3.4 x 10-3g/1) was applied, cell growth was very slow during experimental period.
Cell growth was inhibited even in low concentrations of elicitor. In the treatment of 8.5 x 10.4
g/l elicitor concentration, long lag phase was observed and active growth begun after 19 days
when the specific productivity of sesquiterpene aldehyde started decreasing. This result sug-
gests that sesquiterpene aldehyde formation by elicitation induces reduction of growth ard its

pattern is non-growth associated type.
4. Experiments with immobilized plant cells

Works to date

Major problems associated with secondary metabolite formation by plant cells are the
slow metabolic rate and the low product yield of cells. Another factor that presents problems
in using plant cells on a large scale is their sensitivity to shear. To solve these problems,
immobilization of plant cell is considered. Based on review, adsorption method presents cer-
tain advantages over the existing immobilization technology by gel entrapment. This process
is simple and not stressful for the fragile plant cells. It remains efficiently the inoculum and the
growing biomass even at high mixing rates. It provides for a well separated two phase system

with easier control over the hydrodynamics of the culture system.

1. Stability of immobilization

There are two mechanism which affect adsorption immobilization process. Since the fi-
brous nature of the substratum, passive entrapment of cells by the fibrous material probably

functions in immobilizing a substantial number of cells. Plant cells immobilized on the surface



of selected materials shows very close contact with the support surface and partly adapt their
shape to the microconfiguration of the surface. At the contact area between the cell wall and
the support material, cell wall is flattened at contact area indicating a secretion of a compound
that might be acting as a gap filler and/or gluing agent (72). Another mechanism is adhesion.
Adhesion of suspension cultured plant cells to substratum plays a fundamental role in the im-
mobilization process. The immobilization efficiency generally increased with increasing
surface tension of the substratum. The high surface tension substra can allow for greater initial
cell loading and adherent-cell density than the low surface tension substrata. The greater den-
sity of the adherent cells implies that more cells are immobilized by the adhesion process (77).

Immobilization efficiency is defined as the capacity of the substratum to retain plant cells
in the immobilized state measured as the percentage of immobilized cells versus the total bio-
mass (i.e., immobilized and freely suspended cells) in the culture system. In order to test the
immobilization efficiency, the loading capacity and time course experiments were performed
using the cotton cloth.

Loading capacity was examined by inoculating a range of inoculum densities and col-
lected after 4 days. For shake flask experiments a 2 x 2 cm square piece of the cotton cloth was
weighed and sterilized together with 50 mL of fresh culture medium in 250 mL Erlenmeyer
flasks with gyratory shaking at 115 rpm. Figure 2-15 shows the percentage of cells immobi-
lized as a function of the inoculum biomass after 4 days incubation. More than 60 % of the
cells were immobilized when 3 g fresh weight or less of cells were inoculated. When the
inoculum contained 5 g fresh weight of cells, approximately 35 % were immabilized while the
percentage immobilized decreased to less than 25 % when inoculum size increased. It seems
immobilization process on cotton fiber is largely dependent upon entrapment of cells due to
weak surface tension of cotton fiber. Kamath and D’Souza (238) suggested polyethylenimine

(PEI) treatment to improve adhesion of cells to cloth. Adhesion of ureolytic bacterial cells on



cotton cloth was increased from 0.2 activity units to 30.4 with treatment of PEI to cells in
relatively short time (2 hrs). However, toxicity of PEI to plant cell is not known and plant cells
can adhere to cotton cloth secreting sticky polysaccharides from cell wall.

In order to find gentle method for plant cell immobilization loading capacity experiment
was also preformed by inoculating a range of inoculum densities onto spiral wound type con-
figuration (Fig. 2-16). Cells were loaded on 9 x 16.5 cm cotton cloth by pouring medium
containing designed amount of cells, then wounded with spacer. After 4 day incubation in 250
ml beaker, immobilization capacity were examined by measuring dry weight of each unit. G.
arboreum cells were immobilized over 90 % on the cotton cloth with spacer over a range
tested. It appeared that this type of configuration retains the cells between cotton cloth and
spacer not only by adhesion mechanism but also providing "filter effect” on relatively larger

plant cells.

Time course experiments were performed in triplicate for free cell suspensions and im-
mobilized cultures collected 3 day interval during 20-day growth cycle. In shake flask
experiments, the immobilized cells were prepared with 9 g fresh weight inoculum on three 2 x
2cm éotton cloth for 7 days. Immobilized G. arboreum cells was inoculated in 100 ml medium
in 250 ml Erlenmeyer flasks with approximately 1.26 g dry cell/l. To compare with suspension
culture, suspension cultures contained no cotton cloth were also cultivated as 100 mL cultures
in 250 mL flasks. The effect of immobilizing cultured G. arboreum cells using a cotton cloth
on growth is shown in Figure 2-17 which shows dry weight. Over 20 days examined, the
immobilized cells grow at a slower rate than the suspension cultured cells. Suspension cultures
reached the stationary phase after approximately 13 days. The immobilized cultures appeared
to be in slowly decelerating growth phase for the entire 21 days but continued to increase in
mass to the end of the period. This result can be explained either as a mass transfer limitation

of essential nutrients and dissolved oxygen to the cells, or the packed environment which can
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limit cell division and growth.

2. Possibility of continuous culture - differential reactor

Due to its slow growth rate (doubling time is 3 - 4 days), it is needed to design a method
which allows fast experiments such as small scale differential reactor. The differential reactor
is normally used to determine the rate of reaction as a function of concentration. It consists
of a tube containing a small amount of catalyst. Because of the small amount of cell loading
compare to packed bed reactor, the conversion of substrate in the bed is small, as is the
change in substrate concentration through the bed. As a result, the substrate concentration
through the reactor is essentially constant and approximately equal to the inlet concentration.
So the reactor is considered to be gradientless, and the design equation will be similar to the
CSTR design equaton ( 4 = D). A material balance of substrate is

substrate accumulation = substrate feed - growth - product synthesis- substrate removal
dS/de = FiSO/V - uX/ Ym - qPX/Y o FOS/V (2-10)

At steady state dS/dt = 0, D =F/V and assume product synthesis is proportional to cell
weight ( assume non-growth associated product synthesis q= 1/x dP/dt, where dP/dt = BX),
the equation is

D(So - 8S) = “X/Yx/s + BX/YP/’ (2-11)

In order to relate X and S to the dilution rate, a model expressing the growth rate as a
function of limiting nutrient is required. Monod model is recommendable for sugar limiting
system. For continuous culture equation specific growth rate is substitute by dilution rate.

D =DcS/(Xs + S) (2-12)
where Dc is critical dilution rate representing maximum dilution rate. Solving this

equation for S as a function of D yields an equation for the steady state concentration of the

limiting nutrient




S =DKs /(Dc - D) (2-13)

Substitution of this equation into equation  provides an expression relating the steady

state cell concentration to the dilution rate

(So - DKs/(Dc - D)) YmYPI’
(DYp/s * BY:/:)

(2-14)

Differential reactor has been set up and run for 45 days using 30 g wet weight of plant
cells as a type of tubular reactor with working volume of 27.5 ml. During this period the pos-
sibility of continuous culture was tested. Immobilized cells were removed in order to measure
cell weight and viability when flow rate changed. Figure 2-18 shows a time course experi-
ment with different feed rate. Viability was well maintained during the period of
experiments. Immobilized cells in the reactor glow slowly. Although production of phytoa-
lexin is not stable, figure shows increased production compared with batch culture (
approximately 6 - 10 pg gossypol/g dry weight cell/l/day for external and 65 - 80 for internal
productivity). Since phytoalexin production in this experiment based on external formation,

the productvity might be increased with combined permeabilization and elicitation.
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SUMMARY OF FUTURE WORK

Study Permeabilization
1. pretreatment of cells with low concentration of DMSO
2. possible mass transfer model
Study elicitation
3. possible rate kinetics
Study Immobilized cell system
4. experiment with immobilized cell reactor
a. find optimum operatiot: regime
b. cyclic treatment of DMSO
¢. cyclic treatment of elicitor
5. modeling of packed bed reactor

production mode! in tubular reactor combining permeabilization, elicitation.
dP/dt = f(v, elicitor, DMSO)

1. pretreatment of cells with low concentrations of DMSO

Although cells treated with DMSO shows growth, viability is not well retained over 5 %
DMSO. To avoid harmful conditions, continuous permeabilization of preconditioned cell has
been suggested by Park (237). When Coleus blumei cells were preconditioned at 0.1 % DMSO,
they could manfftam high viability under higher DMSO concentrations of 0.5%, 1.0 %, and 1.5
% at which n;npreconditioned cells died. This process might loosen cell wall and plasma
membrane of plant cells in some extent which have no effects on cell viability. In next exper-
iment, this technique will be tested to G. arboreum cells. If pretreated cells can secrete
secondary metabolite more than untreated cells while maintain viability, this technique will be

applied to immobilized cells and reactor operation.

2. possible mass transfer model for permeabilization

Release of secondary metabolite is mainly dependent upon diffusion through membranes.

It is thought that DMSO treatment results in substitution of bound water from the cellular



structure and reversible alterations in protein structure on cell membrane. This mechanism
causes alteration of permeability of cell wall and/or plasma mebrane. Thus, this process affect
to the mass transport from the cell to the bulk solution and diffusion coefficient will be a
function of DMSO concentration. The flux NA, inner and bulk concentrations can be consid-
ered as a function of time. Assuming that shape of plant cell is sphere, diffusion of sesquiter-
pene aldehyde through cell membrane including generation term can be expressed by
following equation.
dC (v

— _ 2 A }
NA(t) = - 4xr Deff - (2-3)

where NA is kg moles of A diffusing per second or kg mol/s, D - is diffusion coefficient
through membrane, and CA(t) is sesquiterpene aldehyde concentration as a function of time.
Rearranging and integrating between inner memobrane radius, I, and outer membrane radius,

r,
(]

_ 4n D;-sf( C.m-C M)
A (VUr-Vr)

(2-4)

where CM(t) and CAo(t) are intracellular and bulk phase sesquiterpene aldehyde concen-

tration as a function of time, respectively. Assuming perfect mixing, lumped analysis can be

applied to this study.
‘N © VdCA(t)
)=V --A. 2-5
R p (2-5)

where V represents volume of bulk phase. Combining equations 2-4 and 2-5 gives fol-

lowing equation.




dCA(t) -4xD e_ﬁ( C éi(t) - CA_Q(t) )
dt V(l/ri-llro)

(2-6)

KD_(C,(1-C, ®)

where K =4x /( 1/ r- 1/ T V. dCA(t)/dt will be calculated by either initial slope of curve
or differentiation of fitted curve. CM(t) and CAo(t) will be obtained from experimental data.

This study will give Daﬁ value as a function of different concentrations of DMSO.

3. possible rate kinetics for elicitation

G. arboreum growth was inhibited by addition of elicitor in culture medium. Inhibition
mechanism is not well understood. However, it is generally suggested that elicitation can cause
a alteration of gene expression which cause a shift from primary metabolism to secondary
metabolism (109). Also it is thought elicitation can cause a degradation of cell viability and/or
cell lysis in the presence high concentration of fungal elicitor (207). Based on these concepts,
a kinetic study of inhibition on G. arboreum cell growth will be proposed. One possible inhi-
bition model is based on noncompetitive inhibition. In this type of inhibition, the inhibitor bind
with enzyme and substrate randomly, reversibly, and independently at different sites. It sug-
gest noncompetitiv:. inhibition can explain both alteration of gene expression and degradation.
Simple competitive inhibition model is as follows:

s Ei

where E is elicitor concentration and KEi is inhibition constant. This model will be tested
by experimental data. If this model will not fit to experimental data, a semi-mechanistic model
will be suggested by correcting mechanistic model, for example, adding an exponential cor-

rection term.



In cotton cells, phytoalexin production does not occur or very little without the presence
of elicitor. As mentioned above, elicitor treatment can cause a dramatic increase of phytoalexin
production altering the gene expression and/or inducing enzymes related to secondary meta-
bolic pathway. Therefore, we can have an insight that phytoalexin production is a function of
elicitor concentration. The phytoalexin production can be expressed as a zero order reaction in
equation 2-2 ( dP/dt = § X ). For such reactions the constant f is expressed as a function of
elicitor concentration as follows

-EaE

B=PB e (2-8)

(]

where |3° is a production constant without elicitor, and Ea is the activation constant of the
reaction. By plotting logP against 1/E, -Ea can be obtained as a slope. Combining equation 2-8

to equation 2-2, a production model is proposed as follows:

-Ea/E
dP/dt=B e X 29)

4. experiment with immobilized cell reactor

a. optimal operation regime

A schematic diagram of the tubular type reactor is -hown in Figure 2-19. The column
will be set in constant temperature chamber controlled by héating or cooling fan. Medium
will be supplied by peristaltic pump. Air will be sparged into medium reservoir. Several
sampling ports will be located on the reactor wall. Cell will be immobilized onto cotton cloth
then spirally wounded with stainless steel spacer.

The optimal operation regime will be tested by changing flow rate of medium and initial
concentrations of permeabilization reagent and elicitor. From batch cultures, DMSO con-
centrations from 2 - 5 %, elicitor concentrations from 1.7 x 10‘3 to 5.6 x 10-4 g elicitor

protein/l was approximately defined as optimal region for operation. Based on this result,



optimal operation regime concerned with DMSO concentration and elicitor concentration

will be defined.

Regime analysis is possible in a number of ways. In tubular reactor operation, feed rate
is a quantity that can generally be varied easily. If this results in an increased conversion rate,
then transport processes are important. An experiment will be performed to determine the

effect of changing feed ratz on production of sesquiterpene aldehyde.

b. cyclic treatment of DMSO

From long term experiment with presence of DMSO (Fig. 2-12), viability of cells is shown
to be improved after 6 days and restored approximately 50 % in 14 days. This result suggests
that it would be possible to intermittently release intracellular products by permeabilization of
the immobilized cells with using the minimal concentration of DMSO required for viability. If
optimal concentration of permeabilization reagent for pretreatment can be established, the re-
peated permeabilization of cells can be performed by the cyclic treatment. The cycle can
involve three phases such as production phase, permeabilization period, and restoration phase.
Secondary metabolite produced by plant cells are accumulated in vacuole in production phase.
After production phase, products are released by permeabilization in short period. Followed by
permeabilization period, plant cells can be restored by removing permeabilization reagent in
the restoration phase. This process may also repeated several times. Experiments will include
the examination of optimal period for each phase, the comparison of pretreated system with
untreated system. This kind of technique will be useful for practical operation of bioreactor

with permeabilization.

c. cyclic treatment of elicitor

Plant cells not only synthesize phytoalexins but also catabolize phytoalexins. This is nat-



ural mechanism because phytoalexins are also toxic to the plants that synthesize them. There-
fore, if elicitors are applied once in a experiment in order to reduce the detrimental effects on
cell viability caused by the presence of elicitor in the medium, the effect of elicitor on phy-
toalexin production is reduced after several generations. To minimize the detrimental effect
and maximize the secondary metabolite production, cyclic treatment of elicitor will be con-
sidered in this study. Elicited G. arboreum cells can initiate sesquiterpene aldehyde formation
even after removing elicitor from culture medium (207). This suggest that finding of adequate
contact interval can reduce the detrimental effect of fungal elicitor. This kind of technique is
rather practical than theoretical. In this experiment, elicitors will be pumped into immobilized
cell reactor intermittently and contacted with immobilized cells for certain period to trigger the
phytoalexin synthesis, then removed with continuous feeding of medium. Similar to cyclic
treatment of DMSO, experiments will define the optimal contact time of elicitor and immobi-
lized plant cells. Viability and productivity of cells in this process will be compared with those

of continuous medium feeding system.

5. modeling of tubular reactor

Plant cells attached to a solid support in a tubular reactor can be considered as a
biocatalyst. Mass balances for cell, substrate for a plug flow heterogeneous reactor at steady
state can be written as ;

v dX/dx = A/V 1 (2-15)

v dSfdx = AV T, '2-16)
where v is the fluid linear velocity, V/A is the surface to volume ratio of the packing in
the reactor, adn r is the reaction rate per unit area. These balances are based on the assump-
tions of constant density fluid, no axial dispersion, steady state, and reaction occurs only on

surface of the packing. From batch modeling, I can be substituted by equation 2-7 which




explains noncompetitive inhibition of elicitor.

Mass transfer is a function of the support configuration and of the medium flow
hydrodynamics in adsorption based immobilization. Although packed bed reactor will be
designed with sufficient contact areas, mass transfer might be a problem in operation of
bioreactor. When fluid moves through a large pipe or channel, it may approximate plug flow,
which that there is no variation of axial velocity over the cross section. If we assume that
plug flow prevails in the system, we can formulate the mass balance on the plug flow reactor
easily using the differential section approach. A mass balance for product for a tubular

reactor with dispersion system is given by;
dzP
v dP/dx = V/A T - D eﬁ-;l-; 2-17)

with boundary conditions of Plx=0= g dP/dxlx___L= 0.

r andis defined in equation 2-9 as a function of elicitor concentration. D ot is also
explained as a function of DMSO concentration, i.e., D " (3), where J is concentration of
DMSO. Substituting equation 2-9 and D eﬁf(8) , equation 2-17 gives

2
EuE dP
vdP/ix=V/A Be X-D_ (8)--, (2-18)
o eff dx
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Milestone 3.5

Production of Acetic Acid in an Immobilized Cell Reactor

Introduction ,

Acetic acid, or vinegar, is produced in either submerged culture using an aerated tank, or by
surface culture, traditionally using beechwood shavings, with the broth circulated over a bed of
the shavings, and air introduced to the bottom of the bed. In this project, we attempted to
improve on the surface culture type reactor, using a fibrous absorbant material to adsorb the
acetobactor, and spacing the aborbant material about 8 mm using a plastic spacer mesh, through
which air was passed. The intent was to produce a 'plug flow’ type reactor where the inlet sub-
strate ethanol was converted to acetic acid in a single pass.

Methods

A 80 cm long by 7 cm ID glass column was packed with spiral wound terry cloth and nylon
spacer mesh. The liquid hold-up of the pack portion of the reactor (70 cm) was about 400 ml, or
an liquid fraction of 0.15 as determined by weighing the column dry and after saturating the
cloth. The column was seeded with an acetobactor strain A. aceti # 65, received from NRRL
culture colection. Sterile air was introduced to a feed-air humidifier bottle, to eliminate drying
problems in the reactor. Air was fed to the reactor at rates of between 1 and 6 liters/min (0.5 to
2.5 vvm) Feed was introduced to the feed-humidifier bottle in two streams, a concentrated
nutrient stream made up as:

40 g/1 glucose

1 g/1 MgSO4

1 g/1 Na citrate

20 g/1 (NH4)2 PO4
4 g/1 Peptone

This nutrient stream was then blended on a 1:4 ratio with a 100 g/1 ethanol solution which
was membrane sterilized. This system allowed long term operation with feed broth only
prepared atlong intervals. A sketch of the apparature is shown in Figure 1.

Resuits

The acetobactor column was run in a continuous fashion for an extended period of time.
Effluent pH and acetic acid concentrations were monitored. Initially, a 6% ethanol feed solution
was fed. As shown in Figure 2, the outlet acetic acid concentration varied from 15 to 47 g/1 dur-
ing the first two months of operation, and reached as high as 70 g/1 during the second two
months of operation (Figure 3) when the ethanol feed solution averaged 80 g/l. A flow rate of 21
ml/hr of feed was used for the first month of operation. Nutrient and feed ethanol concentrations
were varied, along with flow rates. The pH of the effluent, which is closely related to the acid
concentration is shown in Figures 4 and 5.



The acetobacter strain used: 65.

Media used at startup: 6% E+OH

1g/1 YE pep pH = 5.40
10g/1 Salt solution
5g/L glucose

From HPLC readings 70 g/L of acetic acid produced. pH = 3.00. The pH of effluent remains
fairly constant through December at levels between 2.2 and 2.6.

8/11/91

8/20/91

9/30/91
10/11/91

11/4/91
12/5/91

A drop of acetic acid production was noticed suggested. reason: low Oxygen lev-
els. Air supply increased.

feed changed to: 6% E+OH by weight
1g/L Glucose

1g/L YE pep
Salt solution

This gave a resulting drop in acetic acid production 31.4 g/l. However it soon rose
to 46 g/L again.

Heat was evolved from column.

The column setup was modified. See diagram provided. Now getting acetic acid
production at 45g/L.

Flowrate increased to 50.7 mi/hr. pH still stable at 2.23.
Effluent line pinched shut. Pressure increase and it blew its top.

From the beginning of January it was given feed and left to do its own thing.

3/16/92

5/18/92
5/31/92

Possible yeast contamination. HPLC readings are giving a much lower acetic acid
production also E+OH peaks are being found.

Effluent examined under microscope no yeast found.

Air rate changed from 2-4l/min. This resulted in much better use of E+OH and
improved acetic acid production.

To date the acetobacter column has a decreased acetic acid production due to the fact that it
was without feed for 3/4 days after a power cut also due to other experiments taking place. The
air rate had decreased from the 4 to about 3 pH at end of test period is 4.5.

Conclusions

The system ran well, largley unattended for almost a year of continuous operation. Acetic
acid was produced in a plug flow fashion, with a continuous output of up to 70 g/l. Data was



taken only sporadically after the first four months of operation, but the reactor seemed to per-
form well, even after period of feed interuptions, air interuptions, and other mishaps. We feel
that this system may have commercial applications, and will be looking for industrial sponsors in
the next year of the project.
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Introduction

The first immobilization research was made with enzymes by Nelson
and Griffith, 1916. Then in the early seventies, after great developments in
the enzyme immobilization procedures, some researchers attempted to
immobilize cells rather than the sole enzymes, trying to avoid some
problems concerning enzyme activity and cost efficiency of the
procedures.This was the opening of a very large field of research that is still
vivid now. Four main ways of immobilization have been investigated so far,
leading to the set up of several industrial processes.

In 1983, a research program about Immobilized Cell Reactors was set up
at Purdue University. The main concern was to take advantage of waste food
products such as cheese whey, molasses and lactose whey; aiming to recover
partially the large source of energy lying in these products.

Dr M.Clark DALE, who was my supervisor during this traineeship, is a
Senior Research Engineer in the Agricultural Engineering department and is
working on the development through conversion of some agricultural by-
products - especially whey permeate and starch - in Immobilized Cell
Reactors, using different strains of yeasts, molds and bacteria. In some
studies, simple sugars such as lactose, glucose or xylose are also used. My
project was part of these latter swdies, immobilizing an oxidative bacteria
(Gluconobacter oxydans ssp. suboxydans) to produce gluconic acid from a
glucose source.
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A former trainee had already started to work for a few weeks on this
project and had started a literature research about the previous experiments
made on the immobilization of Gluconobacter suboxydans. He had also
collected some notes about the gluconic acid, which is the product of the
reaction expected in the Immobilized Cell Reactor.

Then I made further research about the bacteria and about the
immobilization procedures, I also found more articles about previous studies
of this special ability of Gluconobacter suboxydans.

A-The bacteria

The information in this paragraph are taken from "Biology of
microorganisms" - Brook and Madigan.

The Gluconobacter bacteria are part of a larger group called acetic
acid bacteria. As originally defined the acid acetic bacteria comprised a
group of Gram-negative, aerobic, motile rods that carried out an incomplete
oxidation of alcohols, leading to the accumulation of organic acids as end
products. With ethanol as a substrate, acetic acid is produced; hence the
derivation of the common name for these bacteria. Another property is the
relatively high tolerance to acidic conditions, most strains being able to grow
at pH values lower than 5 (Gluconobacter suboxydans actually grows at pH
lower than 3). This acid tolerance should of course be essential for an
organism producing large amounts of acid. The genus name Acetobacter was
originally used to encompass the whole group of acetic acid bacteria, but it is
now clear that the acetic acid bacteria as so defined are an heterogenous
assemblage. The polarly flagellated organisms are related to the
Pseudomonads, differing mainly in their acid tolerance and their inability to
carry out a complete oxidation of alcohols.These organisms are now
classified in the genus Gluconobacter. All acetic acid bacteria group
phyllogenetically with the purple bacteria.

The genus Acetobacter comprises the peritrichously flagellated
organisms; these have no definite relationship to other Gram-negative rods.
In addition to flagellation, Acerobacter differs from Gluconobacter in being
able to further oxidize the acetic acid it forms to CO?2. This difference in
ability to oxidize acetic acid is related to the presence of a complete citric
acid cycle. Gluconobacter, which lacks a complete citric acid cycle, is




unable to oxidize acetic acid, whereas Acetobacter which has all enzymes of
the cycle, can oxidize it. Because of these differences in oxidative potential,
Acetobacter genus bacteria are sometimes called overoxidizers; the
Gluconobacter genus ones, underoxidizers. Hence the use of the species
name : suboxydans.

In addition to ethanol, these organisms carry out an incomplete oxidation
of such organic compounds as higher alcohols and sugars. For instance,
glucose is oxidized only to gluconic acid, galactose to galactonic acid,
arabinose to arabonic acid, and so on. This property of underoxidation is
exploited in the manufature of ascorbic acid (vitamin C).

In our study the strain NRRL B-72 (Also named ATCC 621, from
American Type Culture Collection) was used; it had been ordered from
NRRL (Northern Regional Research Laboratory - Peoria, IL USA).

B- The products

The information in this paragraph are taken from "Microbial
technologies, Vol 1 - Microbial processes” - Peppler and Perlman.

The product in which we were interested was gluconic acid (2,3,4,5,6-
Pentahydroxy-1-hexanoic acid). The oxidative enzyme which leads to the
production of gluconic acid in Gluconobacter suboxydans is glucose
dehydrogenase. But the direct dehydrogenation product of glucose by this
enzyme is the glucono-d-lactone. This latter molecule is partially
transformed in the free acid form (gluconic acid), obeying an equilibrium.
The ratio of the two products involved in this equilibrium depends to a
certain extent on the pH and the temperature. Usually, about 40% of the
gluconic acid is in the glucono-d-lactone form. Furthermore, two other by-
products appear in the fermentation broth, and a third one can appear too.
The three of them are ketogluconic acids derivating from the gluconic acid
form. The major one in quantity is S-ketogluconic acid, the other important
one is 2-ketogluconic acid and in trace amounts 2,5-ketogluconic acid can
appear from the 2-ketogiuconic acid form.
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To test the samples drawn from the experiments and analyse the
production you have to be able to tell the difference between all these
molecules though they are close to each other in structure and properties.
There are only a few analytical methods to obtain this separation; the two
main ones, used in the articles that I had found, are :

-The use of an HPLC seems to be the easiest way to make this separation.
For instance, Seiskari et Al, (1985) heated and filtered their samples to
remove the cells and then used a Varian 5000 Series Liquid Chromatograph
(Varian Aerograph, USA) together with an UV detector. The column used
was Aminex HPX-87 H+, particle size 9 um, 300+7.8mm I.D. (BioRad
‘Labs, USA) with sulfuric acid as an eluent. Shiraishi et Al (1989) used the
same method but with another fitting for the HPLC; the column was a TSK
gel SCX(H+) (Tosoh Co Ltd; Tokyo, Japan) with phosphoric acid as an
eluent.

-These products can be assayed enzymatically (Rehr et Al, 1991) using
the test kits of Boehringer (Mannheim, Germany.

3-Commercial uses of the products

The principal market for gluconic acid and its derivatives is for the
salts, especially the sodium one. Hydroxyl groups of the molecule bind di-
and trivalent metallic ions in soluble form, thus preventing precipitation of
calcium, magnesium or iron compounds from solutions used in bottle and




dish washing. Alkaline bottle washing compounds which contain 2.5-10%
sodium gluconate, depending on the hardness of the water, are used
extensively in automatic cleansing equipment. Metal carbonate precipitates
are removed by sodium gluconate containing products for the washing of
painted walls or metals without inducing appreciable corrosion. The acid and
sodium salt are used as sequestring agents to prevent formation of insoluble
soap films in alkaline cleaning formations for glassware and food-processing
equipment. Sodium gluconate is used in cleaning, derusting and paint-
stripping of metals and as a concrete additive to lengthen setting time and to
enhance compressive strength.

Gluconate salts and the d-lactone are used in dyeing and in textile
printing; glucono-d-lactone is used extensively in baking powders as a result
of its latent acidity.

In pharmaceutical use, calcium gluconate has long been used as a
preferred source of calcium in cases of calcium deficiency due to diet or
pregnancy, and for rapid relief of symptoms of allergies. Many drugs can be
administered more effectively when combined with gluconates.

i :
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Although enzymes have many advantages as catalysts, they are
essentially produced by an organism for its own requirements; and out of
their usual environment, enzymes are very fragile molecules. They are
generally unstable and cannot be used in organic solvents or at elevated
temperatures. However, recent developments in the fields of biochemistry,
applied microbiology and genetic engineering have markedly accelerated the
utilisation of enzymes. Since the sixties, Tosa et Al have been investigating
immobilized enzymes with the goal of utilizing them for continuous
industrial production; thus eluding a major drawback of batch processing :
the difficulty to recover the active enzyme from the reaction mixture for
reuse. The process had other advantages such as improving the stability of
the enzymes, making a continuous operation more practical or increasing
yield and purity of the products. Furthermore, a better control of the reaction
was possible.

The next step was the immobilization of the cell itself, which allowed to
avoid many disadvantages of the use of the sole enzyme. Enzymes in the cell
are maintained in their natural environment, neither extraction nor
purification of the enzymes from the microbial cells is necessary; thus, loss



of enzyme activity and cost of the process are reduced. However, according
to "Applied Biochemistry and Bioengineering, Vol 4 - Immobilized
Microbial Cells" - Chibata and Tosa; immobilized cell systems are only
advantageous when :

- enzymes are norma]ly intracellular

- the microorganisms contain no interfering enzyme

- the substrate and product are not high molecular weight compounds

- enzymes extracted from cells are unstable while immobilized

They also give a definition of immobilized cells :

"Microbial cells physically confined or localized in a certain
defined region of space with retention of their catalytic activities, and
which can be used repeatedly and continuously."

After thirty years of reseach on immobilization procedures, there are
now a great number of them to choose from when immobilization of cells is
required. Any subgrouping of methods is by no means absolute since in
some cases it may be difficult to classify a certain method as belonging to a
specific group. Different authors found three, four or even six categories of
methods; I will here present a division in four groups that may not include
some specific methods. More details can be found in many books - some of
which are listed in the bibliography.

2-=The procedures

The topic of immobilization methods is vast enough to fill an entire
volume in itself, the intention with which this pamgmph is written is just to
introduce these methods.

A common statement about all these methods is that they allow a great
increase of the cell density; thus improving the productivity of the mixture.



a)-Entrapment

Entrapment methods are based on the confinement of the cells in a
three-dimensional gel lattice. The cells are free within their compartments
and the pores in the material allow substrate and product to diffuse to and
from the cells. This is by far the most frequently used method in laboratory
experiments and there are also some examples of industrial processes based
on entrapped cells. Within this group of immobilization procedures, a lot of
matrices have been employed : collagen, agar, carrageenan, cellulose
triacetate, polystyrene and polyacrylamide - which is the gel that has been
the most extensively used. These gels can be used in beads, cubes or
membranes. They all have different characteristics, advantages and
disadvantages.

b)-Adsorption (Carrier-binding method)



This method is based on direct binding of microbial cells to water
insoluble carriers. The cells are ionically bound to these carriers containing
ion-exchange residus. The main materials that had already been used are
wood, glass, ceramic, plastic and kieselguhr.

The influence of the cost of the immobilization on the overall cost of the
process is of primary importance, especially in large-scale processes with
cheap substrates. Adsorption is - in principle - a reversible process, meaning
that the support may be recovered at the end of this process; that is why
adsorption seems to be a promising technique. But these aforementionned
advantages turn out to be disadvantages because the forces involved in
adsorption are weak and the cells may enter the product stream at high flow
rates.

c)-Covalent coupling - including cross-linking

The mechanism of this method is based on bond formation between
activated inorganic supports and cells and requires the use of a binding
(cross-linking) agent. To introduce the covalent linkage, chemical
modification of the carrier surface is necessary. The main binding agents are
silanized silica support, glutaraldehyde, isocyanate and metal hydroxyde
precipitates. The advantage of this system compared with entrapment is that
it is free from the diffusion limitation. Unfortunately, coupling agents are
usually toxic and cells can retain only 60-75% of their enzymatic activity.



d)-Immobilization without support

The properties of microbial cells such as surface charge or cell wall
composition are the major factors responsible for immobilization in such
cases.

For instance, all Aspergillus strains can be immobilized easily without
support (Metz - Kossen 1977). When the spores are placed into continuous
flow reactors, hyphae usually form agglomerates and become pellets.
Hyphae-hyphae interactions are considered very important for microbial
immobilization. The pellets are rather stable in airlift type fermentors and
can be used for continuous production of citric acid - for instance.

Here are a few statements about the productivity of the immobilized
bacteria I was interested in, according to some recent studies that were
conducted with ceramic honeycomb (Shiraishi et Al,.1989) and fibrous
nylon (Seiskari et Al, 1985) as carriers.

1-The parameters

- Aeration rate

- Glucose concentration of the feed

- Residence time of the feed in the reactor
- pH and temperature

- Geometry of the reactor and configuration

- Optimisation of t ’

- The keto-gluconic acid production can be reduced with pH and
temperature optirnisation.

- The yield increases with an increase of the aeration rate and with an
increase of the glucose concentration in the feed (up to 20% w/v).

- The highest glucose conversion is reached when there is a long
residence time (low substrate feed rate) and a relatively low aeration rate.
- The optimal range of pH for Gluconobacter suboxydans growth is

between 4 and 5.
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3-The problems

- At high aeration rates, channelling of air results in a decrease of
gluconic acid yield.

- At high glucose concentration, the pH decreases to values close to 2
and then, the bacteria growth rate will be limited significantly. ,

- The by-products seem to be produced in larger quantities when the
residence time is being increased.

- A higher glucose conversion goes along with an increase of
ketogluconic acid production.

I1/- Materials and methods
A- The bacteria cuiture

Gluconobacter oxydans ssp. suboxydans NRRL B-72 was used. The
culture was maintained in culture tubes containing 20 g/1 glucose and 2 g/1 of
each yeast extract, mait extract and peptone.

The organisms were subcuitured monthly and stored at room temperature.

Then the bacteria were grown in a 6 1 bottle containing 50 g/1 glucose and
5 g/1 of each yeast extract, malt extract and peptone with the pH set at 6. The
culture was continuously aerated, the air providing a shaking effect too.

B- The fermentation apparatus

The reactor itself was prepared in a glass tube with an inner diameter
of 5 cm and a height of 65 cm. The package for the immobilization support
was prepared with a plain cotton towel and a fiber nylon mesh rolled
together tightly. The towel was used for the proper immobilization itself on
the cotton fibers and the nylon mesh layer were inserted between the cotton
ones to provide the room for a good air dispersion. The package itself was
40 cm high and 5 cm large, so the height to diameter ratio was 8.

The reactor was fed and aerated from the top. The pumps used for both
air and feed supplies allowed a wide range of speed. The air inlet was
connected to a flask of de-ionized water used as an humidifier. This
humidification provided a higher rate of oxygen use by the bacteria. This
humidified air then passed through a filter in order to avoid any
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contamination, all the more as different strains of yeasts, molds and other
bacteria were used in the same time in the laboratory.

The outflow came from the bottom of the reactor through a long plastic
hose with a copper tube at its tip. Most microorganisms can not stand
copper, this particularity was used as another mean to avoid contamination.



Feed pump

Loose cotton filter

Qutflow hose

Copper tip

Package : Cotton towel
Nylon mesh

6 1 feed bottle
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C- Immobilizat I

The 6 1 bottle of medium containing the bacteria culture was run like a
feed into the reactor for 24 hours at a slow rate (about 1 1 during these 24
hours).The reactor was aerated during this immobilization procedure. Then,
the first bottle of classical feed started to run.
The type of immobilization procedure is not well defined, including
entrapment in the cotton fibers and adsorption on the protein charges. To my
knowledge, no previous study using this technique has been reported.

D- Maintenance

-The main task of the maintenance was the preparation of the feed. At
the rates which were used, the feed consumption was between 1 1 and 1.5 1
per day; consequently a new 6 1 bottle had to be prepared once or twice a
week.

The glucose source was pure glucose (Purchased from J.T.Baker Inc.
Phillipsburg, NJ USA), except for the first three bottles where Karo - which
is a corn syrup containing 75% of glucose and a few ions and vitamins - was
used (Purchased from Best Foods, CPC Intemnational Inc. Englewood Cliffs,
NJ USA). The nitrogen and mineral supplies were provided by yeast and
malt extracts and peptone (The three of them purchased from Difco
Laboratories Detroit, MI USA). Then, according to a pH study a pH S buffer
was or was not added to the medium. Finally, the pH was set at 6 with
ammonia.

Then, the bottle was closed with a plastic stopper pierced with two
stainless tubes, one would be connected to a plastic hose and used for the
feed pumping, the other one connected to a cotton and gauze filter necessary
to let the air enter while the bottle is emptying. This filter was also essential
during the autoclaving due to the evaporation of liquid from the bottle
according to the pressure and temperature conditions within the autoclave.

Before the autoclaving the plastic hose was clamped, the stopper was
sealed with some heatproof duct tape and the cotton filter was protected with
aluminum foil to avoid its humidification when the steam would condensate
in the autoclave during the cooling down phase. This humidification would
clog the filter and then no air would go through it. Each bottle was
autoclaved two hours, the temperature increasing up to 115-120°C and the
pressure increasing up to 2 atm. This procedure ensured the feed to be
sterile, at least free of any living microorganism. After allowing the bottle to
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cool down, it was connected in place of the empty bottle, using a flame to
create a sterile area and ethanol to sprinkle the hoses tips.
-The flask of de-ionized water had to be filled up every other day; the
;lonsumpﬁon was between 100 and 200 ml per day, depending on the air
ow rate.
-The samples were drawn every day from the copper tip of the outflow
h{)se, just waiting for the test tube to be full enough to damp the pH
electrode.

E- Analytical methods

Three kinds of data were taken everyday from the samples :

-The pH was measured to follow the evolution of acid production.

-The absorbance or optical density was taken (A 660 nm wavelength) in
order to evaluate the cell density of the outflow and follow approximately
the discharge rate of ceils from the reactor. This data had no absolute
significance and was just used in a comparative way from day to day to
evaluate the way the reactor was working. The readings were usually made
after a dilution of the samples, but the values given are the actual ones.

The spectrophotometer used was a Model 340, Sequoia-Turner
Corporation Mountain View, CA USA.

-The brix was measured with a refractometer to evaluate the glucose
consumption.

A few times, a back titration of the outflow up to the initial pH of the
feed was made in order to have an approximate assessment of the reactor
productivity. For these titrations, NaOH was used.

The absorbance in the UV range (210 nm wavelength) was used too; this
matter will be furtherly developed in the paragraph referring to this
particular study.
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[/~ Results and discussi

At first the Immobilized Cell Reactor itself was not used for the
experiments but was run in order to know whether it was possible to perform
fermentation for an extended period of time in this reactor.

The first part of the study experimented of pH values at different levels in
the fermentation process; both on the cell growth of the bacteria and its
productivity of gluconic acid. Since we needed to set different values of pH
and regulate them it was easier to conduct these experiments in batch
reactions. It was easier to draw the everyday samples too.

The results from these batch experiments were then applied to the ICR,
studying the effect of pH setting and the use of a buffer in the feed.

As long as the aim of the experiments was to compare the effects of
different values of the pH parameter, the evaluation given by the pH and the
OD of the outflow was meaningful enough to tell the best value for the
productivity of the bacteria. But when we started to work on the ICR itself
and that we wanted to analyse the gluconic acid production more precisely,
the approximate yield given by a back titration of the outflow was not
. enough accurate anymore. At this time arose the problem of the gluconic
acid analysis and different experiments were made to solve this problem.

Another problem created by the contamination appeared quite in the same
time and then the study of the ICR productivity was left apart and the main
concern had became to find a solution to this problems. We were especially
concerned about the gluconic acid analysis, since this problem enabled us to
investigate with accuracy the effect of any change in any parameters likely
to influence the ICR productivity.

A Inf] f the pH ! fuctivi
a)-Effect of the initial pH

Since Gluconobacter suboxydans is able to grow and live in acidic
conditions, we prepared two experiments to know whether the growth is
better in a neutral or more acidic medium. So, two 1 | erlen-meyer flasks
were prepared, one with an initial pH at 4 (We will refer to it by the name
“IV") and the other one with an initial pH at 6 (Will be referred to as "VI").

The medium was formed with 2 g/l of each yeast extract, malt extract and
peptone as peptide and mineral sources. The glucose source used was 50 g/l
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Karo - which represents 37.5 g/l glucose. Each batch had a volume of 500
ml; the pH 6 was set with ammonia and the pH 4 with phosphoric acid.

The flasks were closed with stoppers including an aerator, a long needle
with a plastic septum to draw the samples from and a loose cotton filter, then
sealed with heatproof duct tape and autoclaved. After allowing the time for
the broth to cool down, the inoculation was made from the same bottle
which had been used to start the ICR and had been stored at 4 °C since then.

The batches were run twelve days, taking pH and OD everyday. (See
graphs 1&2). The air rate in each batch was set at 1 /min, and the flasks
were stirred with a2 magnetic stirrer.
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After six days , the pH was more or less stable around 2.6-2.7 which
meant that the stationnary phase had been reached. VI had a lower pH
though the initial one was higher, which allows to think that this higher
initial pH is better for the bacteria - if we consider that the acid production
can be used as a parameter to draw this conclusion. Anyway, after twelve
days, the OD of VI was about 25% higher than the one of IV, which proves
that the growth rate had been higher in V1. This was asserted by a back
titration that was made with the broth after twelve days. For both
experiments, NaOH 1 M was used to bring the pH of 50 ml of broth up to
the initial value. Then it was assumed that one mole of base was the
counterpart of one mole of gluconic acid produced ("Gluconic acid"
including here the gluconic acid itself and its ketonic derivatives). This
assumption was made in order to evaluate the productivity; and the resuits
were: -IV:7.5 g1

-VI: 1251

Of course the initial OD of VI was about 10% higher than the one of IV,

but these meaningful results can not be attributed to this slight difference.
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Consequently to this study, the pH of the feed prepared for the ICR was
set at 6 before the autoclaving. However, any significant difference in the
results of the ICR could be observed; this was due to the fact that the pH of
the feed was - anyway- close to 6 i.e. around 5.6-5.7.

b)-Experiments with pH regulation

After the two experiments without pH monitoring, we planned to test
the growth and productivity of Gluconobacter suboxydans at different steady
pH values. The row of experiments to measure the cell growth was started
first. The two studies could not be done in the same batch since we wanted 2
low initial cell count for the growth evaluation and a high one for the yield
evaluation.

The same medium as for the previous experiments was used, but some
potassium sorbate was added (250 ppm) to avoid yeast contamination (See
study p X for further explanations). The erlen-meyer flasks were prepared
exactly the same way, with aerator and stirrer; however, the volume was 200
ml this time.

Four pH values were tested : 2, 3, 4 and 5. Phosphoric acid was used to
set the values before autoclaving. Unfortunately, the pH monitor was not
working well and so I did the monitoring myself, controlling the pH 5 or 6
times a day. Phosphoric acid and ammonia were used to decrease or increase
the pH whenever it was necessary. The pH 4 and pH 5 flasks were a little bit
hard to maintain at their expected value; decreasing respectively down to 3.5
and 4.2 overnight.
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After a lag phase of about 20 hours, the growth occured during 40
hours, then the experiments were stopped.

The pH 2 flask had a very low growth compared to the three other ones.
This value is lower than any value obtained from the ICR - which was
running without pH control and never went below a pH of 2.5. Such a low
pH seemed to be out of the range of pH accepted by the bacteria metabolism
for a good growth.

Apart from this pH 2 flask which had a really different result, the three
other ones had fairly the same rate of growth, though it seemed to slightly
appear that the higher the pH was, the better the growth was. An important
comment to make is that the exponential growth phase on the graph for the
pH 5 flask was much more intense. From these results we concluded that a

pH around 5 might be preferred for a h1gh growth rate of Gluconobacter
suboxydans

After this row of experiments, a study of the use of a pH 5 buffer in the
feed of the ICR was started, this will be presented in the next paragraph.

Then another row of experiments had to be started to study the yield of
gluconic acid at this different pH values. At this time we absolutely needed
to analyse precisely the quantity of gluconic acid produced; different
attempts to do so were made, but this latter row of pH experiments remained
a project.

2-Use of 3 pH buffer solution

Once we had noticed that a pH around five nnproved. the
Gluconobacter suboxydans growth and their productivity, we decided to add
a buffer solution in the bottles of feed.

a)-Choice and preparation of the buffer

Since the bacteria is degrading carbohydrates for its metabolism, we
did not want to use a buffer including this kind of molecules. The only datas
concernig a mineral buffer were for a sodium phosphate onc (Handbook of
Chemistry and Molecular Biology); unfortunately the lower pH presented
was 5.7. So I had to make furether research at the library and found the
Sorensen's potassium phosphate. I had to recalculate the datas for the sodium
salt because it was the only one I had at my disposal.
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The two solutions were :

A : 0.2 M solution of monobasic sodium phosphate NaH;PO4, H,0
(27.8 g in 1000ml)

B : 0.2 M solution of dibasic sodium phosphate anhydrous Na,HPO4
(28.4 g in 1000 ml)

These compounds had been purchased from Mallindrockt Inc. ST Louis,
MO USA. Then the blend for a pH 5 buffer was 96.3 ml of A and 3.7 ml of
B diluted to a total of 200 ml.

Actually, the two chemicals involved in this buffer were used in a
granulated form, weighed and directly added in the 6 1 bottle of feed.

b)-The steps of the study

The study included five steps, five differents concentrations of buffer
in the feed. At first, the "blank" without buffer; then four differents amounts
of potassium phosphates were added in the feed to reach buffer effects
corresponding to four differents volume of pure buffer solution : 100 ml, 500
ml, 11and 6 L So the dilutions of the buffer solution in the 6 1 bottle were
1/60, 1/12, 1/6, and 1/1.

c)-The results

A back titration of 100 ml of outflow from the ICR was done at each
step in order to evaluate the quantity of gluconic acid produced. The process
of these back titrations was exactly the same as the one used for the batch
reactions concerning the study of the initial pH. The same assumption - one
mole of base is equivalent to one mole of gluconic acid (and its derivatives) -
was made too. The formula used to calculate the concentration of gluconic
acid (in g/1) was : :

CGA=C3*VB*FW*D

Cga : concentration of gluconic acid

Cs : concentration of the base : 1 M

V3 : volume of base added to meet the initial pH 6

FW : formula weight of the gluconic acid : 196.2 g/mol
D : factor ten due to the use of 100 ml of outflow
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DILUTION CONCENTRATION YIELD AVERAGE OUTFLOW pH

"Blank” 34.0 g1 68.0% 2.55

1 for 60 342 g/l 68.4% 2.60

1 for 12 353 g1 70.6% 2.65

1 for 6 37.0 g1 74.0% 2.88

1forl 41.5g1 83.0% . 3.05
Table 1 - Buffer resylts

The two higher dilutions of the buffer were more or less ineffective.
At so high dilutions the effect of the buffer was almost cancelled and the pH
probably did not change; thus, the metabolism of the bacteria was barely
affected. The 1/6 dilution noticeably improved these conditions since the pH
of the outflow was raised by .23. Finally, the positive effect of the use of a
buffer solution on the productivity of Gluconobacter suboxydans was
completely assessed by the use of the 1/1 dilution. The average pH of the
outflow increased up to 3.05; meaning that the pH conditions in which the
bacteria were living had increased at least of .5 compared to the "blank”

solution. The yield increased from 34 g/1 up to 41.5 g/1 which corresponds to
a22% improvement.

- Pr encountere jvero tudv

The first aim of the project was to improve the productivity of
Gluconobacter suboxydans, but some experiments had to be made apart

from this main line because of problems which occured during the study of
the ICR.

L] -

a)-Description

All along my traineeship, yeast and mold growths appeared frequently
in the different batch experiments I made. This was due to their current
presence in the laboratory since some collegues were using them for their
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own experiments. The ICR was contaminated too, the first time by a yeast
which had probably come up in the outflow hose from the jar of waste where
another outflow from a yeast/starch reactor was pourred too. These yeasts
had reduced the yield of the ICR (The pH of the outflow gradually increased
from 2.70 up to 3.10) and were still growing. So, we decided to start over the
reactor with a new package and a new inoculum, now separating the
outflows of the reactors.

Though, the batch experiments had been contaminated by yeasts hvmg in
the atmosphere of the laboratory, and to prevent any other problem in the
ICR I tried to use a chemical to keep these yeasts from reappearing.

Dr DALE suggested me the use of sorbic acid (2,4-Hexadienoic Acid);
and I actually used potassium sorbate which was available in the laboratory.
It had been purchased from Sigma Chemical CO STLouis, MO USA.

Another contamination - by molds - occured too and we had to start
over the reactor once more, but no investigation about this problem was
made.

b)-The experiments

The batch experiments were made in aerated (1 /min) erlen-meyer
flasks with a volume of 100 ml. The medium was 20 g/l glucose and 2 g/1 of
each yeast and malt extracts and peptone. The flaks were sealed as
previously explained; the stoppers included a needle with a septum,
necessary for the inoculation and to draw the samples. They were autoclave-i
thirty minutes.

The idea was to grow yeasts together with Gluconobacter suboxydans in
the same broth, including different concentrations of potassium sorbate.
Three values were chosen ; 100 ppm (135 mg/l), 250 ppm (336 mg/l) and
500 ppm (673 mg/1). Two blanks - one with each microorganism alone -
were prepared too.

The experiments were stirred with a magnetic stirrer and were run six
days.
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Yeast population ( /ml) Bacteria population ( /ml)

Initial Final  Growth factor  Initial Final  Growth factor
Yeast blank 2.4 10E6 69 10E7  times29 - - -
Bacteria blank - - - 5.5 10E6 3.6 10E7  tmes6.5
100 ppm sorbate 3.4 10E6 1.4 10E7 times 4 2 10E6 1.5 10E8  times75
250 ppm sorbate 2.9 10E6 4.9 10E6 tmesl7 2.3 10E6 2 10E8 times 87
500 ppm sorbate 3.1 10E6 .95 10E6 times .3 1 10E6 3.2 10E7  times32

Table 2 - Sorbate results

The first striking point is that the higher the potassium sorbate
concentration was, the lower the growth rate of the yeast was, which means
that the effect expected from this chemical had been here demonstrated. At
the highest concentration (500 ppm), the yeast population had even
decreased.

Conceming the Gluconobacter suboxydans growth, the potassium sorbate
seemed to have boosted it, though it appeared that the chemical was not so
well supported at 500 ppm. However, the results fit according to the
different concentrations since the bacteria growth to yeast growth ratio had
increased with the potassium sorbate amounts : times 19 at 100 ppm, times
51 at 250 ppm and times 106 at 500 ppm.

Though the 500 ppm ratio seemed to be the better one, it was decided to
use a 250 ppm concentration of potassium sorbate in the feed of the ICR
because it was the level where the bacteria growth was the highest - still with
a good inhibition of the yeast growth. :

2. Analvsis of the gluconic acid

This problem arose when we wanted to study the influence of the pH
on the productivity of Gluconobacter suboxydans.



a)-Use of an HPLC

According to the literature, the use of an High Performance Liquid
Chromatography was supposed to be the easiest way to analyse not only the
gluconic acid production, but the ketonic acids and d-lactone ones too.

The column we had in the laboratory was an Aminex HPX-87 H+,
particle size 9 um, 300+7.8 mm I.D. (BioRad Labs, USA) which was exactly
the same as the one used by Seiskari et Al in their research. The eluent was
sulfuric acid too, at 0.1 N concentration. But the detector used for the
products at the exit of the column was based on the refractive index (156
Refractive Index Detector, Beckman) and Seiskari et Al used a 210nm UV
detector; unfortunately, this characteristic was probably too close for the
differnt products and any readable separation was possible, even with a high
resolution accuracy. The different peaks were more or less confounded, just
obtaining shoulders on the main peak as the best result.

b)-Use of a UV detector

Then we attempted to make the separation - at least between glucose
and gluconic acid - with a UV detector, using a 210 nm wavelength. The
spectrophotometer used was a U 1100 Spectrophotometer - Hitachi, Ltd.
Tokyo Japan. .

~ Standard curve

I had first ploted a standard curve of the OD versus the gluconic acid
concentration. Five different concentrations of acid were used : §, 10, 20, 30
and up to 40 g/1 since we were expecting a yield of 3040 g/l in the ICR. The
gluconic acid had been purchased from Sigma Chemical CO ST Louis, MO
USA. The test samples were actually diluted by 100 to fit the measurement
range of the spectrophotometer.

A second row of samples was prepared with the same acid concentrations
but glucose (10 g/1) was added in each solution to check if this was creating
any interference with the pure acid.

The zero of the spectrophotometer was set with a cuvette of de-ionized
water, which was used to prepare the samples. See graph below.




The results were very satisfying since the curve was linearized with a

very small approximation. Furthermore, the glucose did not interfere at all in
the OD values.

~ The sample tests

From the first try to read an OD in the UV range with a sample from
the ICR outflow, the results were wrong. The first reading - made after the
same dilution as the one made for the standards - gave an OD of 156.
According to the standard curve, this was corresponding to a gluconic acid
concentration of 250 g/l, which was obviously impossible with a glucose
concentration of 50 g/l in the feed. It had appeared that one or more other
compounds were absorbing in the UV range; it was assumed that a peptidic
molecule was, since we know that - for instance - tryptophane absorbs at 280
nm, and the peptidic bound absorbs at 220 nm.

I tried then to take the OD of the feed too, thinking that the acid
concentration might be deduced from hte difference between the outflow and
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the feed ODs. This was done two days, but the results were impossible to use
because the OD of the outflow was lower than the feed one. This fact
assessed the hypothesis that a peptidic molecule (which had been degraded
in the ICR) was involved in the high OD readings.

~ Use of the Shay medium

Since we thought that a peptidic molecule had made the results
impossibie to use, it was decided to prepare a batch with an exclusively
mineral medium. The Shay medium was used (0.1% w/w), supplied with
niacin, panthotenic acid and ammonia (5 g/1). Glucose was used at 50 g/1.

Constitution of the Shay medium (Shay er Al, 1987) for 80 g/l
carbon source :

25 g/l (NH4)2S04

2 g1 H3PO4

.0031 g/1 Niacin

.001 g/1 Panthotenic acid

And 1.5 mi/l of :

60 g/l FeSO4(H20)s
25 g/l ZnSO4(H20),

5 g/1 CuSO4(H20)s

2 g/l MnSQ4(H20)

1 g/1 Na;MoO4(H20)7
2 g/1 CaCly(H20)s

The flasks were sealed and autoclaved as usual, but the medium was
burnt in the autoclave, a caramelization had probably occured. Another broth
was prepared and then just boiled on a hot plate.

The results were disconcerting; eventhough the OD readings seemed to
be possibly correct, increasing from 34.7 after the inoculation up to 47.1
within three days (A 12,4 difference which was correponding to a gluconic
acid concentration of 20 g/1 according to the standard curve), the pH almost
did not change during these three days (From 5.93 down to 5.84) indicating
that no acid was produced. I did not try to investigate the reason of the OD
increase; it seemed useless to me since - anyway - Gluconobacter
suboxydans was not able to grow on the Shay medium.
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After this last attempt, the analysis of gluconic acid was no further
investigated. However, another try that might be done with the UV
spectrophotometer would be to use a protease in the sample before taking the
reading; the smaller peptides and amino acids remaining might not interfere.
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Conclusion

Unfortunately, the problem of the analysis of the gluconic acid was
not solved during my trainee; and as a consequence, the expectancies about
the ICR productivity improvements were not met. The only result I had was
the one reached after the study of the pH effect on the growth and
productivity of Gluconobacter suboxydans, which led to a 22% increase in
the gluconic acid production.

The easiest way to make a good analysis would be to use a new detector
for the HPLC, but here rises the problem of the funding needed to purchase
such an expensive appliance.The same problem would appear with the use of
the Boehringer test kits, that can be used just once and are quite expensive.

Once this problems solved, several parameters remain to be tested.
According to the literature, glucose concentration and the flow rates of air
and feed are the most influencing ones. Actually, the further studies should
involve the three parameters at the same time, in order to find their best
matching point with regard to glucose conversion and by-products
percentage. The articles about Gluconobacter suboxydans immobilization
give a lot of indications and directives that can be use as a guideline to
improve this ICR with a new carrying material that Dr M.Clark DALE is
trying to develop.

As a final word, I would like to say that I have enjoyed my placement
in the Agricultural Engineering Department of Purdue University, and
learned a lot all along my traineeship. I gained a great deal in both
knowledge and experience.
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Feasibility and Availability Study for the Conversion of Raw Corn
Starch to Ethanol in the Continuous Reactor Separation

M. Clark Dale & Shuiwang Lei

ABSTRACT

A system, comprised of a continuous reactor separator (CRS) column continuously producing
ethanol and an absorbing column continuously removing and concentrating ethanol produced in the
reactor, was developed. The CRS was a four stage reactor and total volume was about 4 liters. Four
level of total solids,10%, 15%, 20% and 30%, was used in this study. 92% of the total solids was
raw corn starch and 8% was ground malt. The yeast strain used was Kluyveromyces fragili 2415 and
the enzyme was Fermenzyme L-200 in this study. Operation temperature 38°C was selected. The
experiment ran continuously for 37 days. The experiment results indicated that 79% raw corn starch
was converted to ethanol in CRS. Effect of PH, yeast density and malt content on conversion of raw
comn starch to glucose and glucose to ethanol was also investigated. The studies proofed that PH,
Yeast density and malt ratio influenced significantly conversion of raw corn starch to ethanol.

Key wards: Ethanol processing Starch fermentation Yeast

INTRODUCTION

Ethanol can be used for motor fuel, or as a fuel additive to replace lead in gasoline, or as a chemical
feedstock. Ethanol production by fermentation processing constitutes a large section of biological
and agricultural engineering. More attention has been paid to fuel ethanol production from biomass
since 1970. It was stimulated not only by the limitation of non-renewable petroleum source, but also
by agriculture and the environment.

Corn starch is widely used as raw materials in ethanol production. Theoretical calculations indicate
that processing one ton of corn could obtain 400 liters ethanol (Rhonda Hosein & Winston A.
Mellowes 1988). However current batch fermentation technology for ethanol production involves
liquefaction, saccharification and fermentation. These processes require large scale operation, large
capital investment, and large energy consumption. About half of this energy is associated with
drying and evaporating the stillage, and half with fermentation and distillation ( M. Clark Dale, 1993
). The Continuous Reactor Separator (CRS ) is a novel system. In this system, continuous
saccharification and fermentation of polysaccharides, such as starch, cellulose and other biomass,



can be quickly completed. Raw corn starch does not need to cook. Anhydrous ethanol may be
obtained from feed concentration as low as 3 to 4% sugar with low energy consumption for ethanol
recovery and dehydration when the CRS is coupled with solvent absorption recovery of the ethanol.
This system will allow lower capital costs, lower energy usage, and lower labor costs.

Many factors are involved in the CRS. Any one of the factors will influence the conversion of raw
starch to ethanol. This study focuses on the feasibility and availability for conversion of raw corn
starch to ethanol in in a laboratory scale CRS . Goals of the research were to determine the factor of
influence on the process and to analyze the effect of the factors on conversion.

MATERIALS AND METHODS

CRS fermentation equipment. A CRS experimental apparatus was designed and built in the
laboratory. This apparatus consisted of a CRS column and an absorbing column ( Fig. 1 ) . The CRS
column had four stages. The volume of each stage was about one liter. The first stage volume was a
little bit bigger than the others. Feed solution, enzyme, yeast, and nutrient medium were
continuously fed to the top of the column. Ethanol produced in each stages was stripped with air and
the stripping stream was absorbed by an absorb column. Stripping air was supplied by a compressor
and absorbing water was supplied by a special pump and tank.

Feed solution. Feed mash was made of raw corn starch and ground malt. Total solids levels used in
this study were 10 %, 15%, 20% and 30% by weight . The starch was 92% and malt was 8% by
weight in the total solids. The starch used in this study was partly from Iowa ( General Mills ) and
partly from market (ARGO, CPC International). The raw starch samples were dried in an oven to
determine moisture content. Drying temperature was 103 °C and was for 72 hours. Average
moisture content of the starch was 12.6% ( wet basis ). The malt came from Sigma Chemical CO..
Before mixing, The ground malt was passed through’a sieve NO.30 to remove bigger particles
(USA Standard Testing Sieve). In order to prevent bacterial contamination, 250 ppm Sodium
Bisulfite (SO2)(J. T. Baker Inc.) was added in the solution. After mixing, PH was adjusted to desired
value with ammonia and phosphoric acid (H3PH4) (Mallinckrodt).

Enzyme. Enzyme used in this study was Fermenzyme L-200 ( Solvay Enzymes Inc. ). The enzyme
was a liquid glucoamylase derived from selected strains of Aspergillus niger var and capable of
hydrolyzing both alpha -D-1, 6 glucosidic branchiopods and the predominating alpha
-D-1,4-glucosidic linkages of starch. The enzyme was necessary to break down the starch into
fermentable sugars and increase alcohol yield.
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Microorganism. The microorganism used in this study was Kiuyveromyces fragilis 2415. The strain
had a high temperature tolerance and high fermentation rate. Both high temperature tolerance and
high fermentation rate were desirable in fermentation and separation of ethanol production. The
yeast was cultured for 24 hours before using.

Nutrient media. Two nutrient media were used in this study. The composition of the first medium
was yeast extract 3 grams per liter, malt extract 3 grams per liter, and peptone 3 grams per liter. The
second medium was composed of yeast extract 6 grams per liter, malt extract 6 grams per liter, and
peptone 6 grams per liter. Before using, the media was autoclaved for 2 hours at temperature 120 °C.

Fermentation procedure. Continuous fermentation separation runs were performed. The feed
solution, enzyme, and yeast were fed by a combined pump (Masterflex, Cole-parmert Instrument
Co.). The pump was controlled by a timer. Supplying schedule of the feed was 1 minuter on and 9
minute off. The air and water was supplied continuously. Running each 24 hours, two ml sample
from each stage and from the absorbing column outlet was taken. Concentrations of ethanol and
glucose of the fermentation and separation were determined by high-pressure liquid chromatography
(HPLC). The results were compared with a known standard ethanol and glucose concentration
samples. Yeast density and remaining starch particles were checked by microscope. PH of slurry was
checked by PH meter. Operating temperature was kept at 38°C. The fermentation separation
experiment ran continuously for 37 days.

RESULTS AND DISCUSSION

Theoretical conversion of raw starch to sugar and sugar to ethanol. Starch is a condensed polymer
of glucose. In CRS, starch was continuously converted to glucose by the enzyme and glucose was

converted to ethanol by the yeast. A summery of the chemical reaction involved in this conversion
is as follows:

C6H1206-->2C2H50H+2C02+heat

Preliminary calculations indicate that one unit of starch could convert to 0.51 units of ethanol
theoretically. However not all of starch can convert to ethanol. In the fermenting process with yeast,
about 5% of the sugar is used by the yeast to produce biomass and by-products. Therefore the best
result of conversion of one unit starch to ethanol was about 0.46 unit. The maximum conversion to
ethanol that could be obtained in the CRS was equal to



Ethanol (g/hr)=0.46(g)*Feed solution (ml/hr)*Total solids (%)*Dry matter (%)

Suppose the total solids of the feed was 20% ( w/v). Starch of the total solids was 92% and the
ground malt was 8% by weight. Assume malt used in this study contains 70% starch and the
moisture content was as same as corn starch. Ethanol should be produced at a rate of 7.9 g per hour.
The one of the results was shown in Fig. 2 and the figure was presented in Table 1. HPLC analysis
was shown in Fig 3. Conversion of total solids, ethanol and glucose was indicated in Fig. 4.
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Table 1 Conversion of starch to ethanol

Stage Ethanol(g/1-hr) ‘Glucose(g/l-hr)
1 17.8 22

2 31.1 2.8

3 333 2.1

4 26.7 0.1

absorber 8.9

The results indicate that 79% of the raw starch had been converted to ethanol. The ethanol stripped
and absorbed was 57% and that remain in the last stage was 43%. The glucose was nearly exhausted
by yeast. Experimental conditions were PH =3.5 - 4.0, YMP 3,3,3,. The enzyme level was 200 and
~ yeast density was over 15 million per cubic millimeter.

Effect of malt on conversion of starch to glucose

The effect of malt on conversion of raw starch to glucose was investigated. experimental results was
shown in Fig. 5 and the data was presented in Table 2.

Table 2 Effect of malt on conversion of starch to glucose

Stage malt in total solids
8% 0
1 80.62 17.42
2 70.6 18.2
3 63.6 21.2
4 65.0 22.0

K is obvious that malt can help the conversion of starch to glucose. The glucose
concentration using ground malt in the different stages increased to as high as

aboaa3ut 1.9 - 3.6 times when compared to experiment using no malt. Furthermore, the
saccharification time was shortened. It was helpful to accelerate conversion of glucose to ethanol.

Effect of PH on conversion of starch to ethanol

The fermentation environment was important. One of the important factor was PH. The effect of PH
on conversion of starch to ethanol were studied. Test results was shown in Fig. 6A and Fig. 6B and
the Data was indicated in Table 3.
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Table 3 Effect of Ph on conversion of starch to ethanol

Stage Low PH High PH
Ph ethanol glucose Ph ethanol glucose

1 29 O 50 39 12 114

2 283 4 48.6 404 24 1.6

3 2.88 10 41.7 409 25 14

4 29 16 27.8 398 23 1

absorber 6

The experiments indicated clearly that yeast did not work well when PH was lowed to 3. It was
much better to control the PH at about 4.

The effect of yeast density on conversion of starch to ethanol
Test results using different yeast densities are shown in Fig. 7A and Fig. 7B and the data was

represented in Table 4.
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Table 4. Effect of yeast density on conversion of starch to ethanol

Stage Low density High density
ethanol glucose ethanol glucose

1 0 50 8 33

2 4 48.6 14 20.8

3 10 417 24 181

4 16 27.8 20 18.1

The results show that conversion of raw starch to ethanol can be conducted successfully. The
* density of the yeast should be over 15 million per cubic cent meter.

Effect of nutrient level on conversion of starch to ethanol

The nutrient level used mainly in this study was yeast extract 3 ¢/1, malt exwract 3 g/, and peptone 3
81 (YMP 3,3, 3). The second nutrient level , yeast extract 6 g/1, malt extract 6 g/1, and peptone 6

g1 (YMP 6, 6, 6 ), was used for 3 days. No significant effect on conversion of starch to ethanol was
found under these experimental conditions.



CONCLUSIONS

The CRS is a economical process in the conversion of raw starch to ethanol. It was found that 79%
of raw starch was converted to ethanol on a labératory scale.

PH and microorganism density have a significant upon the conversion of raw starch to ethanol. PH
should be controlled at about 4 and yeast density should be over 15 million per cubic cent meter.
Malt concentration also has an effect upon the conversion of raw starch to glucose.
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Introduction

The nutritional value of yeast has been recognized for hundreds of years, as yeast is a good
source of proteins and vitamins. There has been some work on growing a number of different
unicellular microbes (Single Cell Protein or SCP) such as yeast on various substrates as a possi-
ble solution to malnutrition in the third world. Yeast as a single cell protein can meet many of
the nutritional needs of humans, but if used at high levels in a diet, can lead to an overconsump-
tion of nucleic acids. High levels of nucleic acids in the human diet can lead to physiological

problems such as gout.

Currently in the USA, yeast has many different applications. Yeast has a major use as a
leavening agent in the baking industry. The production of "bakers yeast" and/or active dried
yeast for baking is an important, but not a growing outlet for yeast. There is a current movement
towards using yeasts to provide flavors in the food processing industry. Red Star Specialty Pro-
ducts produce a bulletin about the use of yeast as a flavoring ingredient......
"For centuries, yeast has been extensively used in the food and beverage industry.
With the increase in consumer awareness of the use of salt, monosodium glutamate,
and hydrolyzed vegetable protein in processed foods, as well as consumer desire for
natural ingredients, food processors have turned to yeast extracts for flavor enhance-
ment. Bulletin includes information on manufacturing operations, properties, nutri-
tional benefits, and economic advantages of yeast” (F.P. 8/92)

Yeast is extensively utilized in cattle and swine feeding, with there being a current research

effort noting a "pro-biotic" beneficial result from the feeding of live yeast to both dairy and beef

cattle,

Yeast production can be classified as primary, where yeast is the desired main product of the

operation, or secondary, where yeast is a byproduct of the operation i.e. alcohol production. For




primary yeast production, a variety of substrates are utilized including molasses, glucose
(starch), sulfite liquor, or wood hydrolysate. Industrial production of yeast from lactose or whey
was practiced by Amber Labs of Juneau, WI, with several publications describing the plant
design and operating characteristics (Berstein et al, 1977). To the best of my knowledge, no

company is now currently producing primary yeast from whey lactose.

A variety of strains of yeast are identified as "food grade”, indicating that these strains pro-
duce no toxic by-products as far as the FDA is aware. These strains include S. cerevisae, and all
other Saccharomyces strains, Candida utilis, and K. marxianus, a lactose utilizing strain.
Kluyveromyces marxianus behaves very similarly to standard Saccharomyces cerevisae except
for being able to assimilate lactose, being somewhat more temperature tolerant, and slightly less

ethanol tolerant.

Yeast have two basic metabolisms, anaerobic fermentation- where sugars are converted to
ethanol, and aerobic respiration-where sugars are converted to CO2 and cell mass. During the
fermentative conversion of lactose to ethanol, the yeast acts as a biological catalyst (required for
the conversion, but not actually wanted as a product). Substrate and nutrients used for cell
growth reduce the conversion ratio of substrate to ethanol production slightly. Ethanol produc-
tion is considered a ’growth associated fermentation’. In general, yeast will *ferment’ or produce
ethanol in an anaerobic environment, and ’respire’ and produce cell mass when oxygen levels
are high enough for the aerobic metabolism of the sugars. Saccharomyces strains exhibit a
phenomena called the 'Crabtree’ ef’ect at high sugars, where even in the presence of high dis-
solved oxygen, the cells fementatively produce ethanol. According to Phaff (1965), K. marxi-

anus does not exhibit this effect, but data by Mahmoud and Kosikowski (1982) show that even



under aerated and agitated conditions, a 30% demineralized whey permeate solution gave a 30

g/l ethanol solution and final cell density of 15 g/l yeast with when all the lactose was utilized.

It is well known high sugars and ethanol inhibit fermentative cell growth and ethanol produc-
tivity. Dale et al, (1990, 1993) show that both substrate and product inhibition of K. marxianus
can be determined to be largely an osmotic effect in the fermentative metabolism. At a solution
osmolality of 2.2 os/kg, anaerobic cell growth is totally inhibited, while for a commercial strain
of Saccharomyces cerevisae, Dale et al. (1990,1993) show that there is no growth at 1.8 os/kg or
above. In general, for primary yeast production, sugar levels are kept low (under 3%) to limit
the amount of ethanol produced. Oura (1974) states that when the glucose solution concentra-
tion used for yeast growth exceeds 50-100 g/l the metabolism goes partly fermentative, no
matter what level dissolved oxygen (DO) is maintained in the reactor. These glucose levels
(50-100 g/1) correspond to 0.29-0.63 os/kg solution osmolality (CRC, 1973). Following the rea-
soning of Dale et al. (1990,1993) a low osmotic environment may be required for efficient
conversion of sugars to cell mass. Moresi et al. (1990) show a constant yield of 0.49 g yeast/g
lactose at whey feed concentrations of under 30 g/l, after which the yield began to drop (due to
ethanol production). At 50 g/1 lactose, cell mass yield (Y x/s) was reduced to 0.35 g/g. Marison
and von Stockar (1987) showed that during the aerobic fermentation of single strength whey per-
meate, some ethanol was formed. This ethanol was noted despite the aeration of the broth.

Marison states that dissolve oxygen (DO) never fell below 80% of saturation.



Nutritional Requirements

When yeast is the primary product, the nutrient mix in the broth must be adequate to meet
both the primary nutrients (nitrogen, phosphorus, and potassium) and trace vitamins and
minerals requirements for the yeast to grow and thrive. When yeast is produced from carbohy-
drate streams, typical ’best’ conversion ratios (g. yeast/ g. sugar) are 0.49 to 0.59. Yields
reported by various researcher are given in Table 1. Wasserman (1953) determined a ’theoreti-
cal’ maximal (100%) conversion yield of 0.6 g/g with 65% of the sugar carbon being assimilated
by the yeast, and 35% converted to CO2 by a respirometer study, but found actual maximal yield

to be 55%.

1gram C1,H 120 g(lactose or carbohydrate) + nitrogen+ oxygen

+ vitamins + minerals —> 0.4-0.63grar yeast+ water+CO y+heat (1)

Moresi et al. (1990) came up with very similar oxygen and conversion coefficient, and deter-

mined the total reaction stochiometry as:

CH 1830 917 (lactose) + 0.11NH3 + 0.80 ,———0.60CH 1 340 ¢ 58N o.18 (veast)

+0.33C0O 2+ H, 0+ .07CH;0; (ethanol or other solvents) (21

Moo-Young gives the following similar stoichiometry for yeast growth on glucose:

1.68CH 70 (glucose)+ 0.19NH 3+ 0.680 —— CH 17005N .19 (yeast)

+0.71CO o+ 1.14H,0+ 80Kcal (heat evolved) 3]

The highest yield reported is by Bechtle and Clayton (1975) who state that with a 3X concentra-
tion of cheddar whey, a 102 g/l cell mass was attained using a mix of yeast cultures (C. utilis, T.
cremoris, and others including K. marxianus). These researchers also used a variety of supple-

ments such as yeast extract and corn steep liquor which may have exaggerated their yield.



Table 1. Yields of yeast on whey

Whey Yeast Yield IXtr
con- con-g/l Yx/s Reference
m
60 g/1 25 045 CSTR Shay & Wagner 1986

120 45 0.46 CSTR Shay & Wagner 1986

180 60 0.44 CSTR Shay & Wagner 1986

240 85 044 CSTR Shay & Wagner 1986

300 97 043 CSTR Shay & Wagner 1986
87 25 045 fed batch Bernstein & Everson 1973
60 11.7 0.24 batch Beasseiou et al 1981
62 11.2 0.22 batch Geic & Kosikowski

150 28.5 0.23 batch Geic & Kosikowski 1982
58 184 0.40 batch Maroiella & Costello
74 23 0.51 batch Wasserman et al 1959
18 7.1 047 CSTR Moresi et al 1990
37 114 0.38 CSTR Moresi et al 1990
56 16.2 0.36 CSTR Moresi et al 1990
65 14.6 0.28 batch Blake Ray & Mores 1981
25 12.2 0.61 CSTR Moulin et al 1983
25 11 0.55 batch Vananvat & Kimselda 1975
50 14 0.33 batch Michel et al 1987

300 17 0.06 batch Mahmoud & Kosikowski 1982
15 6.2 042 CSTR Bivou & Stockar 1988

240 102 0.66 batch Bechtle & Clayton 1975
80 25.4 0.50 batch Bechtle & Clayton 1975
60 230 0.51 batch Marison & von Stockar




Table 2 gives the basic composition of whey permeate, and various yeast streams grown on
whey. To successfully produce maximal yields of yeast, each nutritional need of the growing
yeast must be met, and all environmental conditions (pH, temperature, osmotic environment,
etc.) be optimal for the yeast. By examining the various nutritional requirements and environ-
mental variables required for yeast production from concentrated whey streams as reported in
the available literature, and applying this knowledge to our new reactor technology, the success-

ful conversion of whey permeate to yeast should be able to be accomplished.

Nitrogen. As per Table 2, yeast are about 50% by weight protein. A simple mass balance on
single strength whey can be made. Assuming 48 g/liter lactose and a conversion ratio (Y x/s) of
0.45, 21.6 g/liter yeast can be produced. Therefore, 11-12 g/l of protein will be produced by the

yeast, and this nitrogen must be supplied by the medium.

On a dry basis, whey permeate has a composition of 78-80% lactose, 11-12% minerals, and
3-3.5% crude protein. For single strength permeate solution (55 g/1 T.S.) only 1.7 g/l protein is
available in the solution (Table 2), and there have been several studies that indicate that whey
protein is not readily assimilated by the yeast (Wasserman,1960, Barnes 1976), while
ammonium is rapidly utilized for cell growth. Therefore, nitrogen is a major nutrient that must
be supplied when growing yeast on permeate. Wasserman (1960) determined that 5 g/l
(NH4)2SO4 along with 1 g/l yeast extract was adequate nitrogen supplementation to achieve a
yield (Y x/s) of 0.55 or 92% of theoretical(25 g/l cells from 40 g/l lactose-5.5 g/l lactic acid) in
both whole and heat deproteinated acid whey. An elemental nitrogen balance can be run to
determine minimum ammonia nitrogen needed to ferment 48 g/l lactose (single strength sweet

whey permeate). If the nitrogen fraction of crude protein is 1/6.28, then 22 g/l yeast at 55%



Table 2.

Composition of Whey and Whey Yeast Products

whey’ whey permeate® | mineral yeast washed yeast
1 | 3 @) (6) @ [ &
— jﬁ sl — ———
Lactose 76.5 78 79
Carbohydrate 24 30.1 42
Protein 125 | 114 35 43.8 32-40 | 57.4 | 45-55 | 50
Ash 60| 9.2 11.5 18.8 15-20 54 | 5.7
lipids/fats -- - - 4.3 2-3 71 | 34
moisture 4.5 4.5 34
1. Porges et al. 1951
2. Formost Dairy Products
3. Shay & Wagner, 1985
4. Bernstein & Everson, 1973
5. Mairorella & Castillo, 1985
6. Beausejour et al, 1981




protein will require 1.93 g/l nitrogen. (NH4)2SO4 is 21.1% nitrogen, thus, if this is the sole
source of protein, 9.1 g/l would be required. From Moresi et al.’s (1990) (Eq. 2) balance on the
yeast growth system, it can be calculated that .13 g of NH3 will be required for each 1 g of lac-

tose converted to yeast, or 6.24 g/l NH3 for single strength whey.

Minerals. Minerals make up about 5% (d.b.) of washed dried yeast, while permeate is 12%
minerals. The basic composition of whole whey powder, washed dried Kiuyveromyces marxi-
anus, and baker’s yeast are shown in Table 2. Bayer (1983) compared the mineral fraction in
single strength whey with the minerals to be found in 20 g of yeast (assumes a 60% yield of
Candida intemidia type yeast) as shown in Table 3. The major mineral requirements of yeasts
are phosphorus, potassium, calcium, and magnesium, all of which are available in whey. This
does not explain why Wasserman et al. (1958) noted a major beneficial (21% increased yield)
effect from the addition of 0.5% of potassium phosphate. Trace elements are probably more
critical, Wasserman et al. (1958) noted a 100% increase in yield when 1g/l1 yeast extract was
added to the medium along with ammornium, phosphate, and potassium. Bayer (1983) examined
the composition of milk and deproteinized whey east for trace minerals and found a substantial
loss in Cu, Zn, and Fe. Bayer found that supplementing whey with 1 ml of a solution containing:
0.3 g/ CuSO4, 0.8 g/l MnSO4, 0.4 g/l MoO4, 3.0 g/1 ZnSO4, 4.0 g/l FeCl3, allowed a 76% yield
of yeast to be attained (22 g/l of cells to be obtained from a 48 g/l lactose in whey solution).
Shay et al similarly suggest a trace mineral supplementation of 1.5 ml of a similar solution con-
taining 60 g/l FeSO4, 25 g/l ZnSO4, 5 g/l CuS04, 2 g/l MnSO4, 1 g/l Mo04, 0.2 g/1 CoCl2 to

ferment a 100 g/l concentrate whey permeate solution.

Table 2 gives the composition of dried yeast produced from whey permeate when the broth



Table 3. Mineral composition of whey and protein

mg/l in mg per 20g dried
whey (6% TS) yeast

)] (N 2 ) (1)
Phosphorus (p) 4,100 436 6,400 476 290
Potassium (K) 1,000 1,422 2,600 192 458
Calcium (Ca) 1530 344 4,300 334 30.5
Magnesium (mg) 94 137 60 14, 30.5

Sodium (Na) 436 - 1,100 14 -

(1) Bayer, 1981
(2) Bectle & Clayton



is dried with the yeast. The high mineral content is due to the fact that whey minerals are
included with the yeast when the whole broth is dried. The minerals not needed or assimilated
by the yeast will remain in the broth. Thus the mineral concentration of the Kluyveromyces
marxianus/whey product is more than double the standard levels (18-20% versus 5-7% in
washed yeast). This high mineral content could be reduced by washing the cells, but this would
required extra processing, and the production of a waste water stream. It was suggested by Shay
et al (1985) that the mineral content could be reduced by the addition of some further sugars to

the broth such as sucrose, glucose or corn syrup.

Other Nutrients; complex awtrients such as yeast extract, malt extract, and corn steep liquor
are suggested by a number of researchers, but the cost of these nutrients, particularly yeast
extract, is high. Micronutrients such as niacin, biotin, and pantothenic acid are suggested by
Shay and Wegner (1985). A table describing nutrient concentrations as determined by of a

number of different researchers growing yeast was presented by Oura (1974).

Oxygen.

Supplying dissolved oxygen to the growing yeast is one of the most critical, and power con-
suming parameters involved with yeast production. Oxygen is only sparingly soluble in water,
with a saturation level of 8.5 ppm at 25°C (1.26 mole/l). Sugars and salts reduce this solubility
further, with a 1M NaCl solution reducing the saturation concentration of oxygen to 6 ppm yeast
will be met. As previously stated, when oxygen is available, the yeast will convert sugars using
a respirative pathway, while if oxygen is absent, the sugar will be converted to ethanol. The dis-
solved oxygen level at which the organism has sufficient oxygen to respire or have its oxygen

needs met is termed the critical oxygen value. Baily and Ollis (1977) list a critical oxygen value



for yeast as 0.5% at 35C, and 0.2% at 20C. Yeast need trace oxygen even for anaerobic fermen-
tation. Cysewski and Wilke (1978) shows that optimal fermentative ethanol productivity occurs
at an oxygen tension of 0.1 mm Hg or 0.06% of saturation (saturation oxygen tension would be
152 mm Hg). They also show that the sugar metabolism changes from fermentative to respira-
tive at 1.7 mm Hg (1.1% of saturation) for a Saccharomyces type yeast. Other researchers (Von
Stockar and Birou, 1989) show that there is no solvent production as long as even 0.5% dis-
solved oxygen (DO) is measured in the fermentaion broth, although yeild drops about 3% at
0.5% DO compared to higher DO levels. Moresi et al (1990) show good biomass yields at DO
of 0.5%, although yeilds drop when feed rates are higher than the oxygen supply capabilities of
the reactor. (I would suspect that the DO readings are not too accurate, i.e. 0.5-2% may have
been nearer to zero). Therefore, critical oxygen values for K. fragilis would seem to be in the
range of 0.5-1%.,s0 that as long as DO levels in the fermentation broth are held at 1% or higher,

all oxygen needs of the cells are satisfied for the respirative oxidation of sugars.

Oxygen is generally introduced to a reactor through a gas sparger, with a turbine used to help
break-up the bubbles and improve mass transfer of oxygen with-in the bubble to the fermenta-
tion broth. There is a large body of information on the oxygen transfer capabilities for this sort
of standard ’chemostat’ bio-reactor. Oxygen transfer as a function of gas flow rates and turbine
speed are developed for each reactor so as to be able to provide the required oxygen to the cells.
Oxygen transport is often a limiting factor on yeast growth. Actively growing yeast may require
0.3 g O2/hr*g cell, while the dissolved oxygen saturation in air is only 6-9 ppm. Thus an
actively respiring yeast cell density of 20 g/l will require about 6 g/l*hr, so that the 6 ppm avail-

able in the original broth will need to be replaced 1,000 times within that hour (in fact an oxygen



saturation of about 20-50% will probably be reached, so that actual replacement times are prob-
ably 2,000-5,000 per hour). Wasserman (1960) reported a maximal éxygen utilization rate of 8
g/1*hr in the batch fermentation of whey, but noted that a Waldorf type aerator could only pro-
vide 4.8 g/I*hr on a continuous basis. The ability of a reactor to provide the oxygen to the cells
is described as:

Qo2 =ka(co2-co) “
where k; is the mass transfer coefficient, a is the gas-liquid interfacial area, and cgp is the con-
centration of oxygen in the liquid. Kja values are often combined into a single value. Blakes-
brough & Morresi (1981) show k;a values of 200~1200hr~! for a conventional sparged stirred
bioreactor. This would corespond to an oxygen transfer rate of between 1 and 6 g/l hr based on
20% DO maintained in the reactor. Moresi et al. (1990) show that the limits of their laboratory
fermenter for oxygen transfer was about 4 g/l*hr, as once the sugar feed rate went above 8
g/1*hr, the ability of the reactor to utilize the sugar drops. Wasserman and Hanson (1960) deter-
mined an oxygen transfer effectiveness of a number of turbine types and got rates of oxygen
transfer ranging between 2 and 12 g of oxygen/l*hr. This compares to a maximal batch oxygen

utilization rate of 9.6 g O2/1*hr (5 mole/1*min) for high rate yeast growth.

The net oxygen demand for yeast growth has been calculated by a number of researchers.
Moresi et al. (1990) (Eq. 2) determined a yield (Y x/o0) of about 1 g yeast per g oxygen con-
sumed. This corresponds to a Y o/s of 0.6 g O2 per gram sugar metabolized. Moo-Young
(1975) show a Y ofs of about .45 g O2 per g sugar. Wasserman (1960), using a Warburg
respirometer, determined that 150 micoliters of oxygen were utilized to consume 500 mg lac-
tose, while on a lab scale reactor it was determined that 12 to 14 liters of oxygen were required

to convert one liter of single strength acid whey (48 g/1 lactose, 5 g/l lactic acid). This is 17 g of
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oxygen per 55 g carbohydrate, or a 'Y o/s of .31 g O2 per g sugar.

Shay and Wagner (1985), developed a reactor with very high O2 transfer capabilities which
allowed the production of up to 35 g yeast/I*hr. This means that the oxygen transfer capabilities
of this reactor are at least 35 g/l*hr, about 10 times higher than conventional sparged, stirred
reactors. This mass transfer ability was attained by the enriching of the air sparged in oxygen.
With this new technology reactor 22 g/I*hr cells were able to be produced with un-enriched air,

which corresponds to 22-25 g/I*hr of 02, still 5-6X better than conventional reactors.

Power Utilization

Obviously, oxygen transfer is critical to yeast growth. In conventional reactors, the gas is
sparged into the bottom of the reactor below an agitator. Power requirements for air compres-
sion and stirring are large. A higher aeration rate and stirring velocity improve mass transfer,
however, these inputs require more energy. Blakesbouragh and Moresi (1981) show
ka = 9.5x1073 * N1.76 » 32 where N is RPM and V is the superficial air velocity in the reac-
tor (air sparging rate). Similarily, Vogel (1983) shows that oxygen transfer of 2.3 g/l*hr can be
attained in a stirred, sparged fermenter with an gas rate of 5.3 VVM, at a power input to the pro-
pelier of 2 HP/1000 gal, while if the power is increased to 4 HP/1000 gal (higher prop speed), an
oxygen transfer rate of 5.4 g/l*hr can be reached. Air compression costs must then be added. To
add air to a 30,000 gallon fermenter with an H/D ratio of 3, a 350 HP compressor is required.
Total energy requirements to run this tank are thus about 470 HP, if an O2 transfer rate of 5.4

g/1* hr is desired.

Finally, yeast growth, stirring and air compression generate heat, so the fermenter must be
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designed to remove large amounts of heat. Heat removal coils must be mounted in the fermenter
to remove the heat energy. These coils add to capital cost of the reactor, and the cooling water

needs increase operating costs.

High energy costs associated with aeration and stirring, along with high capital costs
required for yeast fermenters, yeast separation (centrifuges) and drying (roller or spray), cause
the cost of yeast production to be high. Maiorella and Castillo, 1984, in an economic analysis of
yeast production from whey permeate, calculated the profit per pound of yeast produced from
whey permeate to be approximately negative $0.53/# assuming yeast pasie could be sold wet at
$0.22/#. In other words, yeast production was a losing proposition (based on their analysis) even

without incurring the expense of drying the yeast.



12

Process Improvements

The costs associated with making yeast could be reduced by:
a) reducing the cost of the fermenter
b) reducing the energy costs associated with stirring,
c) redycing the capital and energy costs associated with cooling
d) reducing the capital and energy costs associated with aerating (oxygen transfer) in the
bioreactors
e) making high concentrations of yeast which can then be dried with the broth, eliminating both

the need for yeast separation and the generation of large volumes of waste water.

Shay et al. ( 1985, 1987) with their efficient reactor showed that it was theoretically possible
to produce yeast at very high concentrations, and thus meet the goal ¢) as listed above. How-
ever, their reactor is expensive to build and operate, and the power input and cooling require-
ments are high. By moving to a CSTR type reactor, Shay et al. were able to achieve a nearly
constant yeast production yield (Y x/s) of 0.45, an efficiency of 75% (based on a theoretical max
of 0.6g cells/g sugar) which is nearly as good as anyone has reported even at low feed concentra-
tions (Table 1). In a CSTR type reactor, substrate concentration is held low. When yeast see
high concentrations of sugars/salts, cell mass yields drop and ethanol/solvent production
increases. Mahmoud and Kosikowski (1982), show yields (Y x/s/0.6) of between 6 to 13%
efficiency with 3 to 6% ethanol produced when a 30% demineralized whey permeate solution

was aerobically fermented.

Proposed Reactor Design- A gas continuous, immobilized cell yeast generator has been con-

ceptualized. Dale et al, (1991) suggested the use of this sort of reactor for the reduction of dairy
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waste water BOD for low level multiple substrate feeds ( lactose, ethanol, lactic acid, and gly-
cerol). Under the sponsorship of WMMB, Dale has been continuing the development of this
work, and has a Ph.D student actively developing the system currently (Salicetti et al, 1992). W.
Harris of Kenyon Enterprises, saw that this reactor technology might also be applicable to yeast

production from concentrated sugar streams.

.

Harris and Dale have collaborated on this project, developing a gas continuous Immobilized
Cell Yeast Reactor (ICYR). A basic sketch of an ICYR is shown in Figure 1 which shows the
design flows and power inputs to a 10,000 liter ICYR unit, As per Figure 1, this unit has an
estimated yeast production rate of 10-15 g. yeast/ liter*hr, leading to the production of 100 Kg of
yeast/hr (220 #/hr) with 140 Kg/hr (308 #/hr) of dry yeast/mineral product coming off a dryer
behind the ICYR. Total power requirements for liquid recycling and air delivery are only 4 HP,
for a energy cost of $0.0005/# dry product. This compares to an energy cost of $0.065/# for
electricity and cooling water as determined by Maiorella and Castillo (1984) for a conventional
yeast fermenter. Thus the ICYR is able to reduce energy requirements for yeast production by a

factor of over 100X.
This ICYR design has the following advantsges over conventional yeast production:

1. elimination of cooling water requirements- no cooling tower, no cooling coils, etc. Cool-
ing requirements are net by the inlet air stream; the temperature of the reactor is easily

controlled by reducing the temperature or RH of the inlet air.

2. elimination of the need for a high pressure air compresscr- for this size reactor, nominally
a 40 HP positive displacement air compressor would be required, instead, a one HP low

pressure centrifugal blower can provide all the air needed for the ICYR.
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elimination of agitation requirements, in a conventional fermentor, a 12 HP stirrer would
be used, while for the ICYR, a 3.0 HP pump can recirculate the yeast broth to provide a

3.5 GPM/ft2 circulation rate.

elimination of centrifugal cell harvesting. Centrifugal yeast separators are both expensive
to purchase and require large motors. By moving to a concentrated feed, no centrifuge is
required, as the cell broth is highly concentrated in yeast within the reactor. Nominally, a
centrifuge can give a 15 to 18% solids yeast cream, while the ICYR, with no centrifuge

should give a 14% solids yeast cream.

elimination of waste water generation. The process suggested concentrates all the yeast
broth, including the whey minerals and other trace compound. If a centrifuge is used, the
clear broth separated from the yeast will be a waste water stream, with a BOD of 6-8,000
ppm- high in phosphates and calcium, which will have to be treated in an on or off-site
waste water treatment facility. This compares with the ICYR where the only output from
the system is CO2. The product stream is high in minerals (18-20%) making the product

somewhat different from a standard *washed yeast’ product (5-7% minerals).

The elimination of all these auxillary components normally associated with yeast production

can reduce capital requirements by a factor of 10 for the ICYR system, and total energy require-

ments by a factor of 3 (drying the yeast still requires heat input) as compared to normal yeast

production. We are thus quite optimistic about this technology allowing the profitable produc-

tion of yeast from whey permeate. Oxygen transfer is accomplished by the air flowing down

between the plates containing immobilized cells. Preliminary design of plate spacings gives a

mass tranfer area of 450 m2/m3 (0.45 m2 per liter of packed reactor volume), this compares well
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to a stirred agitated bioreactor with 2.5 mm average bubble size, and an air hold up of 100
ml/liter which gives a mass transfer area of 0.24 m2 per liter. Oxygen mass transfe‘r rates of
between 10 and 25 g/1*hr are expected, which would translate to a yeast production rate of 10 to

25 g/l*hr. The lower value, 10 g/1*hr, was used in our calculations.

Kenyon Enterprises built and operated a test 200 liter ICYR during November and December
with design, equipment, monitoring and operational consulting input from Dale at Purdue. This

test successfully demonstrated that:

1. the reactor could be run continuously for extended periods of time under non-sterile condi-

tions and still produce only the desired product.

2. reactor cooling and temperature stability could be easily regulated by the saturated air

temperature inlet to the system.
3. stable, low maintenance, low labor operation was demonstrated.

Unfortunately, yields (gram yeast/gram lactose utilized) were not particularly good based on
preliminary analyses. A very high level of whey solids (35-40%) was fed for much of the tests,
which was then concentrated further by the addition of nutritive salts, resulting in a high solution
osmolality. This high osmolality tends to move the fermentation towards ethanol production
rather than yeast production as discussed previously. It is also possible that oxygen transfer may
have not been adequate as rather low DO readings were noted. (Oxygen transfer capabilities of
the system must be matched with the feed rate. Feed sugar rates higher than the maximum oxy-

gen transfer rates will lead to anaerobic conditions and solvent production.)
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Lab Scale ICYR Results

A 600ml ICYR was built as per the diagram in Figure 2. This reactor has been undergoing
continuous testing since June of 1992. It has been run using various concentrations of whey per-
meate and nutritional supplements. For the first 4 months of operation (June through Nov.), the
nutrional supplements suggested by Wasserman (5 g/l potassium phosphate, 10 g/l ammonium
sulfate, and 1 g/ yeast extract per each 50 g/l whey solids in the feed) were used. Yeilds at high
solids were not particularly good. It was possible to utilize the lactose, but yeast solids as deter-
mined by optical density were much lower than would be expected based on a expected value of
0.48 yeild (Y x/s). It was decided, based on the low yields, that high solution osmolality was
probably contributing to production of solvents rather than cells. Adding the nutrients as salts
(NH4S04 and K2HPO4) was increasing the net osmolatity of the solution. Therefore, we
moved to adding ammonia as ammonium hydroxide, with the addition being controlled by a pH
controller. The addition rate was monitored by weighing the bottle. A trace mineral supplemen-
tation as suggested by Shay and Wenger (1986) and Bayer (1981) was implemented with
ammonia delivered as either a pH control or added to the feed. Phosphoric and sulfuric acid

were added as suggested by Shay and Wenger (1986).

A feed concentration of 5% was fed until a yeild of .48 was obtained (effluent cell density of
22 gfl), after which the feed strength was increased to 10-12% solids (100 g/1 lactose). This sys-
tem has been run on a continuous basis since Dec. 17th. The yeild over time is shown in Figure
3. It can be seen that yeilds varied between .1 and .45, with average yeilds of between .2 and .3
noted. Cell density over time (Figure 4) follows closely the performance shown in Figure 3,

with higher cell densities corresponding to higher conversion efficiencies. Oxygen levels were
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checked, and tended to fall between 15 and 35% of saturation. Lower conversion efficiencies
were obtained when the solids level was raised to 20% on day 20. Even the actual cell density
dropped as seen in Figure 4. We are currently feeding a 20% feed, but are not getting particu-
larly good conversion ratios. The experiments to date seem to indicate that quantitative yeilds of
better that 0.4 can be obtained using our reactor and strain 2415 of K. fragilis at feed concentra-
tions of up to 12% solids, but that higher feed concentrations do not allow good yeilds. This is
contrary to the results determined by Shay and Wenger (1986) who state that feeds of up to 30%
solids gave good (0.45) conversion efficiencies. This work is continuing, with some experiments
on yeild as a function of feed osmolality being performed along with operation of the 600 ml test

reactor with 20% feed.

The actual productivity of the reactor is shown in Figure 5, and we see that yeild of yeast
range from 0.5 to 3.5 g/l-hr, with one point of 9 g/I-hr being determined. In general, we were
more interested with complete lactose utilization than high rate conversions, as higher
throughput means having to prepare feed more often. We would predict rates of 2 to 10 g/l-hr

for this reactor system if lactose levels of greater than 0.5% are maintained.

Discussion-Geic and Kosikowksi (1982) show yields dropping from 0.15 g yeast/g lactose at
40 g/l lactose to 0.09 g/g at 115 g/l lactose in whey permeate solutions. Beausejour et al (1981)
show the generation of solvent metabolites when a single strength whey was aerobically fer-
mented with a yield of 0.25 g cells/ g lactose obtained. Marison (1987) shows ethanol being
generated even when DO is maintained at 80% during the batch fermentation of whey. Based on
the literature a 3 to 5% whey permeate solution is probably the maximum which will allow

’pure’ aerobic respiration leading to cell growth. Based on osmotic studies by Dale et al, 1990,
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3-4% WP corresponds to a total solution osmolality of 0.13-0.17 os/kg. Whey minerals contri-
bute an osmolality of about 0.04-.06 os/kg for single strength whey permeate (6.0% TS), which
would indicate that at 4X, or 24% solids, the whey minerals alone will be responsible for a solu-
tion osmolality of 0.16-0.24 os/kg. Shay et al. (1987) however, state they obtained constant 0.45
g/g yields up to a feed concentration of 30% whey permeate solids in a CSTR type reactor. At
30% solids, whey minerals will be contributing to a total solution osmolality of 0.27 os/kg, so
apparently respirative metabolism (with the strain of yeast used by these researchers) was main-
tained up to at least this osmolality. (Some of the yeast minerals are metabolized or consumed
by the yeast, as the yeast tends to have an internal mineral content of 5-7%, suggesting that of
the total 18% minerals in dried whey/yeast, 11-13% are free minerals which are contributing to
the solution osmolality. Thus actual solution osmolality due to whey minerals may be reduced
by 33% due to mineral uptake by the yeast. This would reduce the osmolality of the minerals
remaining in Shay et al.’s 30% feed from 0.27 os/kg to 0.18, which is below the suggested maxi-
mal osmolality of 0.24 os/kg suggested in this report as a limit below which there can be ’pure’
respirative sugar utilization, with no production of solvents). We intend to test a few different
strains of yeast (K. marianus) to determine the effect of osmolality, but the experiments to date
are quite positive, and the ability of this reactor to produce a mineral yeast stream from 10-12%

whey permeate is well documented.
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FOODS - Food Operations Oriented Design System:
A Steady State Process Design and Analysis Program

Progress Report - 3/15/94
Summary:

The overall goal of the FOODS project is to develop a user-friendly software package
to aid in the design and analysis of food processing systems. A multi-media package has been
explored and rejected as a possible user-interface for the FOODS program. Similar programs
designed for other industrial fields are currently being evaluated and compared to FOODS
in order to generate ideas for improving and updating FOODS. A few unit operations are in
the processes of being generalized and converted into the C programming language.

Authorware™ Status:

Authorware™ is an object oriented Windows programming software package developed
by Macromedia, Inc. A more detailed description of Authorware is enclosed. It came highly
recommended as an environment in which to create a more user-friendly interface for
FOODS. Further, it was suggested that the entire FOODS program be converted into the
Authorware language which would thoroughly document the program and make adding new
unit operations quite simple.

The first major limitation of the Authorware programming environment was
discovered when we tried to construct a flowsheeting screen. We had envisioned creating a
flowsheet screen in which unit operation icons could be randomly connected into processes.
Due to Authorware’s linear structure, branching was found to be impossible. That is,
Authorware can only pass stream data from one unit operation to another along the primary
stream; secondary streams could not be branched off for the construction of other processes.

A second major limitation was found after a number of the FOODS FORTRAN
mathematical functions were reprogrammed in Authorware. It was discovered that the
environment has only a single one-dimensional array. Attempts to overcome the array
limitation can be seen in the function enthc.f (Appendix A). All array elements were made
into variables. The number of variables that would be created in converting FOODS to
Authorware would quickly exceed Authorware’s capacity.

Authorware’s is primarily a multimedia tool for interactive learning. While the
Authorware environment has been found to be incompatible with the goals for FOODS, it
does offer excellent potential for individual instruction. Tutorials covering such topics as unit
operations, economics and optimization can be programmed to complement the FOODS
program.



Table 1. Broad characterization of computer-aided design packages.

| Property FOODS ] ASPEN PLUS BIOPRO
Input/Output General:
Units Eng. Eng.; SI; Mix SI
Language FORTRAN FORTRAN Cc
Modes of Operation Continuous Continuous Batch & Cont.
Input:
Type Q& A Flowsheet; Menu; Flowsheet; Menu
EN language
Change while entering no yes yes
Reload & change no yes yes
Problem Definition yes; 70 characters yes no
Material Stream Specs:
Flow mass mass; mole; vol. mass
Breakdown nutritional pure substance pure substance
component
Other P, T P, T, phase P, T, extracellular
fractions
Heat and Work Streams not separate separate not separate
Output:
Tables extensive extensive extensive
equipment specs
Plots no yes limited
Thermal/Physical
Properties:
Data Banks selected items ASPEN SET (400+) selected items
User Defined selected questions In-House limited options
User-Defined
Models limited 44 option set ?
Program General:
Units Operations see list, see list see list
User-defined Unit no yes no
Operations
Convergence yes variety of algorithms | Bounded Wegstein
Optimization cost any variable none
Economics 5 options ? yes, options?
Studies:
Sensitivity no yes yes
| Case no yes no
Help:
Unit Operations no yes yes; editable
Description
On-line no yes yes
Error Detection:
Flow check no yes yes
History file no yes no




Table 2. Unit operation options included in each computer-aided design package.

ASPEN PLUS | BIOPRO |

|

Mixer Mixer
Splitters:
Flow Flow Flow
Component (2) Component
Heat Exchangers:
Plate Heater/Cooler (1 side) Plate and Frame
Co- & Counter (2 side) Spiral
Multistream Shell and Tube
Filters:
Ultrafiltration Ultrafiltration
Reverse Osmosis Reverse Osmosis
Membrane
Diafilter
Rotary Vacuum
Plate and Frame
Dead End
Air Filter
Pumps & Compressors:
Centrifugal Pump/Hydraulic Turbine Centrifugal
Positive Displacement
Compressor/Turbine Compressor - Centrifugal
Mech. Vapor Recompression Multistage
Compressor/Turbine
Separations:
Absorber Absorber/Stripper Absorber & Stripper
Adsorber
Adsorption-Desorption
Distillation Short Cut Distillation Short Cut Distillation
Short Cut Rating Dist.

S.C. for Complex Columns
Flash - single stage sep.
Rigorous Fractionation

Multiple Effect Evaporator

Multiple Effect Evaporator

Dryers:

Spray Dryer
Flash Drum
Fluid Bed Dryer

Centrifuges:

Centrifuge Disk-Stack
Basket

Centrifuge Extractor




Table 2. (continued).

st s————————————m——t

L FOODS ASPEN PLUS BIOPRO
Reactors:
Fermenter Continuous Stirred Continuous Stirred

Well Mixed
Air Lift

Plug Flow Plug Flow

Batch

Stoichiometric

Yield

Equilibrium

Crystallizer Crystallizer
Humidification
Rectification-Condensation
Cell Disruptors:
High Pressure
Homogenization
Bead Mill
Chromatography:
Gel Filtration
Ion Exchanger Ton Exchanger
Affinity Chromato h
Tanks:
Blending
Storage (V, H); Receiver
Decanter
Cyclones:

Cyclone

—

szrocyclone




Appendix A - enthc.f in Authorware
--This subroutine calculates the enthalpies of a water, etoh, co2 system.

t1-3 0)/1 8)+273.15
+ 4

b2a =1, 923“'EXP10( 3)
b3a:=0.07343

cla:=-8.39*EXP10(-5)
¢2a:=1.055*EXP10(-5)

d2a:=-3.596*EXP10(-9)
d3a:=1.715*EXP10(-8)

xl =20473.9
x2:=21988.5

td1:=0.68095407

tdwl := 0.5767696

cpla:=(ala+(bla*tk)+(cla*tk**2)+(dla*tk**3))/4.187
cp2a:= €a23+ b2a*tk)+§c2a*tk"‘*2)+§d2a*tk**3) 4,187
cp3a a3a+(b3a*tk)+(c3a*tk**2)+(d3a*tk**3)/4.187

del:=tr-420.0
yli=ye/ co
yai= =y
=t 929 49
tdw2:=t1/1165.11

IF(j=1,h1:=cp3a*del+(y 1*(cp1a*del+x1))+(g2 a*del+x2)))
IF(G=1 hvap al:=16668 099"'% 1.0-td2)/(1
R hvaD e e dean (1 0 oL o 1520, 38))

IF(=2,h2:= 3a*del+(y1*(cg1a*del+xl))+(g2 *del+x2)))
IF0=2 hvapdal:=16668.00%(11. .21 }
IF(=2 hvap2a2 =17481. 465* 1 0-tdw2)/(1.0- wl))"O 38))

g %1.3 la*dltgg(%lgé%gla‘l'doelu%})I(aﬂ"‘( 22 "‘d 1+x2)))
= V. = -
d-a,hvggagz RECr Tt ity e L T

=4 hvap al:=166 1.0-
=4 hvap4a2 =17481. 465* 1 0 t.dw2 /(1.0- wl))*"‘O 38))

IF
IF
IF
IF(j=5,h5:=cp3a*del+( 1"‘(cgla*del+x1))+(8'2“( a"‘del+x2)))
IF(Q=5 hvap al:=16668.099 &El 0-td2)/(1 8

IF(G=5 hvap5a.2 =17481.465*(((1.0-tdw2)/(1.0- W2))*"‘0 38))

j=6,h6:=cp3a*del+( 1*(c 1a*del+x1) +(8'2"‘( 2a"'del+x2)))
=6 hvap@al:=16668.099 5251 0-td2 { ;}g 8))
=6 hvap682 17481. 465* 1.0-tdw2)/(1.0- wl))"‘"O 38))

j=4,hd:= 3a*de]+(§1*(c 1a*de1+x1){0(g2‘( 2a*del+x2)))

IF
IF
IF
IF(=7 h7:=cp3a*del+( 1*(c31a*del+x1) *( a*del+x2)))
TFQ=7 hvapael:=16668.099% (1.0142)(1 t}g
B e T EEME S e U o U
F j=8,h8:=cp3a*del+(y1*(c 1a*del+x1) (y2*( 2 *d l+x2)))

=8'hvap@al:=16668.099 géxo-td:e)/()+ T3as J

RS v et D s 038 e,

IF(j=9,h9:=cp3a*del+(y1*(cpla*del+x1))+(y2*(cp2a*del+x2)))



IF(j=9,hvap9al:=16668. 099"‘(&1 -td2)A(1.0-td1))**0.38))
IF(=9,hvap9a2:=17481.465*(((1.0-tdw2)/(1.0-tdw1))**0.38))

IF(§=10,h10:=cp3a*del+( 1"‘( 1a*del+x1))+(8/2 a*del+x2)))
1F(=10'hvap10a1:=1666%. %&1 0-td2)/ :ﬁ
IFG=10 hvap10a2 =17481.465*(((1.0-td w2)/(1.0- wl))"'"'O 38))

IF(j=11,h11:=cp3a*del+(y1*(cpla*del+x1))+(y2*( 2a"‘de]+x2)))
IFg 11 hvapl ala _1%«»& (ge'géglO td2)/ () 8’ :fg 0.38
IFG=11 hvaplla2 =17481.465*(((1.0 bdw )/(1.0-tdw1))**0.38))




Appendix A - enthe.f in FORTRAN

DO OHOO

(2]

[
(5]

OG0 0O0 R

OO0 00

110

subroutine enth t1,ye yco,yh,j,h,hvap)
pm}gaﬂi‘w calcu atg tfe egtﬁ) gnes of a water etoh co2 system
7-26-88 updated: 7-2

tl = Deg. F
yeth = ethanol vapor conc. molar
yh = water vapor conc. molar
= co02 vapor conc. molar
11 posn:lon
= vapor enthalp ¥ o L
hvap = enthalpy of vaporization of liquid

implicit double precision (a-h,0-z)
dimension a} 3),b(3),¢(3),d(3)
dimension h(11),hvap(11,2),ep(3)
real t1,tktr

th=((t1-32. 0)/1 8)+273.15

tr=t1+460.0

write (6,122)tk,tr,t1
format(//3x,'tk="19.2,3x,"tr=' £8.2,3x, 'tf=",f8.2/)

ethanol =
water = 2
c02 =3

constia)ntsot;?r the heat capacity equations
?2)’32 243
a(3)=19.795
b(1)=.2140
b(2)=1.923e-3
b(3)=.07343
c(1)=-8.3%-5
¢(2)=1.055e-5
¢(3)=-5.601e-5
d(1)=1.373e-9
d(2)=-3.596e-9
d(3)=1.715¢-8

j = position in condenser
1 = component number
determine the average heat capacity of each component
éat the vagor temperature
cp(l)-(a(1)+(b(1)*tk)+(c(:)“tk"‘"‘2)+(d(1)*t.k*"3))/4 187
continue
x1=20473.9
x2=21988.5

s stream enthalpy component j
BT ey Py comp
yl—ye/ €O

hG ep el (y1 +{y1ep(Ldelx1))s(y2*(cp(2)*del+x2)
output values for al component enthalpies

tdl=, 6809540’{;9

hvgg() 1)-16668 099*(((1 0-td2)/(1.0-td1))**.38)
tdw2.. 5 1
hvap(j, 2)-17481 465*(((1.0-tdw2)/(1.0-tdw1))**.38)

return
end




HUTHORWARE

PROFESSIONAL
The PREMIER AUTHORING Tan FOR INTERACTIVE LEARNING

Authorware Prafessional is the premiar muitimadia authoring tool for interactive lsarning. its
cbjact-orisnted intarface gives non-programmaers the powar t0 creats, deliver and maintain
anailcations on either Macintosh or Windows platforms. Authorware's built-in intaractivity, data
rieasurement functions and media integration controls bring powarful functionality to its aasy-
to-uss interface,

Five unique advantages make storing and analyzing dats; and Meoia Manaser

M Authorware Piofussional the built-in Computer Managed Assists authors in efficiently

standard choice ‘or interactiva Instruction variables heip \

. gt e , managing media by storing the
jaarning apphcanmlt. measure usars’ performancs. madla in libraries that are ssparate
Q8JecT AuTHORING Mutnueoia Toows from the host application. This

Aliows the user to aasily experimant  Give authors the power to incorpo- incraases the praductivity of the
with intaractive design rather than rate text, graphics, sounds, anima- author and reduces tha size of the
focusing solsly on media cantent. tion, and digital video inta highly applicaton file,

An slegant and intuitive iconic sffactive intaractive ieaming

interface contrals the lagic, making applications.

camplax applications aasy 10 author.

MULTIRLATFORM ARCHITECTURE
Makas Authorwere Prafessional the

only authoring too! that supports
nearly idantical authoring snviron.

mants on bath the Macintosh and E , v T —
Windows platforms. } 7o - f:: ™

Supemon Dsgran “‘ T EEEe—

Provides authors of interactive
laarning spplications with the
brosdest range of interactivity.
Extensive variables and functions
arovide the basis for collecting,

Digitat media uf sty My, Inclulng me Newest cigtal viaao
formsts, can be stored in extarnal libraries for raference in
one or more appilcations

continued on other side




Key FeaTuRres IN AuThoRwARE Proeessional 2.0 ror Winpows

Medla Manager .
Unique to Authorwarse, Media Manager stores graphics, sounds, animations, and other digital
media in libraries separats from appilications. Appiication file sizes are gteatly reduced and
changes in stored madia ars immediately reflected in the applicatons—spaeding the authoring
procaess significantly.

Support for Macromedia Direotor

Lots users create or repurpose productiona created with Mlcrmd’ila ?lrtctur - the oramier
AuUIVINTY WUI I THUILNEGAI8 Proayuenons—ana saved in the M is format. These files can be
valley Jliecily via the Movig icon.

ClipMed!a and Examples

Includes ¢iip media for animations, gadgets, graphics, movies and sound. Conttins content.
indepandent logic structures for file operations, puil-down menus, nozes, quastions, parformance
records, sequencing, tachniguas, tosts, tranaacnions and utilities, Snaoles you to esve and share
clip madia and custom icon models, Madais are iogi¢ structures that zan be pasted into an appli-
cation, enabling you t0 re-uss pravious work. )

Variables and functions
Qver 200 system variabies and functions srovide sxtansive capabillties for capturing, manipulating
and digpiaying dats, and {or controiling now your application operatas.

Automatic Documentation

Annotated application ‘ndax with or withouticons. Print design and pragentation windows.
Cross-rafarenca tadle of variables.

Toxt: -

Mix fonts, styles, 3i298, modas, and colors. Supports scroiling text windows. Supports Winaows
3.1 Screen fonts and TruaType foms. Standard intarnational characters.

Graphics

Standare drawing 00is, inciuding polygen, oval, ractangle. rounded rsctangle, and line are provig-
ad within 8 familiar intertace. Supports 8MP, D1B, PCX, TIF, £PS, ang ALE: Macintosh PICT and
Psint, and Windows Matafile formats.

FiLe FoRMATS

Graphics: Supports 8MP, DIB, PCX, TIF,
EPS, RLE, Macintosh PICT & Paint,
Windows Matafiles

Sound: Imports PCM or WAV. MID! and
CD-Audlo supported through Microsoft's
Multimedia Extensions. Imports SoundEd
Pro sound files.

Animedina impeme PLI, LG, CBL and
Rirector MMM filss.

Digital Video: Playback for Vidao for
Windows, QuickTime for Windows, and
indea DVI,

SYSTEM REQUIREMENTS

IBM PS/2 and Ultimedis machines and
80288, 388, and 488 procsssors running
DOS 3.3 and Windows 3.0 or later.
Authoring minimum: 20 MHz 386 with 4M!
RAM, 18-color VGA, 40Mb hara disk, and |
mouse. Recommended: 33+ MHz 388 witi
8Mb RAM, 18-calor VGA (288-color with
VGA+ card), Delivery minimum: 20 M4z
388 with 4Mb RAM, 18-color VGA, 20Mb
hard disk, and & mouse.

$Sound

Controt repetition, start and stop. Impans PCM or WAV files. Supports MID{ flies and CD-Auais
shrough Microsoft's Multimadia Extensions, and imports sounds digitized with Macromsdia’s
MacRecorder® Sound System Pro,

Animation

Controt path, time, and apaed, as well ae start and snd framas, plavback spaed, and repetition of
mavies. Muitiple layering option contrals which animated object overiaps another. impors FLI,
FLC, CEL files. Playback Macromaais Directer tMMM) files.

Digital video

Still or matian vidao from one icon. Resizesbla, moveadis video windowa. Playback of Microsoft
Video for Windowa, Apple QuickTimae for Winaows and Indeo (OVI). Control start, and and freeze-
framaa, playbeck speed and rapatition of maviss,

Analog video
Built+in video overtay suppor, Control start, end and fraszs frames, plsydack speed and repstition
of mavies. Sugparts two audio channels separate from video channei,

Batansgible envitonment

Extenaibie througn calls to OLLs and UCDs. Jump 10 and return from omer applications or filas to
amare date. Deliver aopiicativie (1w Nuyy Ulsks, Hara igks, CU-MUMS ana network fife servers.

MACROMEDLA

(RDERING INFORMATION

For the name of a Macromedia
suthorized reseller in your araa,

call 1-800-288-4797. Information on
Macromedia training, developer and
priority tachnical support services, is
algo available.

Far the name of an authorized resells:
outside of North Amarica, cail the
following Macromedia regional saies |
offices:

Europe, The Middle East or Afrios
Macromedia Europe
Tol: (44) 344-.78-1111

Japaa or Latin America
Macramedia
Tel: (418) 282-2000 Fax: (415) 626-0554

Asia (susluding Josan), Australls and New 2psiand
Macromedia Pectfic
Tal: (81) 2.908-3288

Fax: (44) 344-76-1148

Fax: (81) 2-908-6324

800 Tawnaeno  San FRANGSS3 CA 34103 wow 415-252-2000 Fax 415-826-0554

1K Masromedia, inc. Autharware Professionsl and
Macromadia are trademarks of Macromegls, ing. All other
watemarks of registered tredemarks ef® Proparty of thair
respecave hoiders. Oats of printing, January 1983,

SKU:XMOBAP:
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REVIZWER'S QUIDT o AUTHORWARE® PROFESSIQNAL™ FOR WINDOWS

PROOUCT CATEGORIES:

LIST PRICES IN THE U.S. AND
Canada ($U.8.)

LIST PRICES QUTSIDE THE U.3.
AND CANADA

Curment Version:
AVAILABILITY:

UPGRADES IN THE U.S. AND
CANADA ($U.5.)

UPGRADES OUTSIDE THE U.S.
AND CANADA

SYSTEM REQUIREMENTS:

Authoring Tools, Multimedia, Windows

Commercial License ..........uvcicnresrvennne 84,995
Education License ........ceons vsesensenenes 3999
Call your local distributor.

Authorware Prefessional for Windows, Version 2.0
January, 1993

Registered users of APW 1.1 can upgrade to APW 2.0

for $698, Education users of APW 1.1 can upgrade to
APW 20 for $395. Registered users of APW 1.0 or earlier
can upgrade to APW 2.0 for $995. Education users of
APW 10 or earlier 2an upgrade to APW 2.0 for 5495,

Call 1-800-945-4061.

Call your local distributor.

[BM PS/2 and Ultimedia machines and 80286, 386 and 486 processors
running DOS 3.3 and Windows 3.0 or later.

Authoring minimum: 20 M2 386 with AMB RAM, 16-color VGA, 4MB
hard disk, and a mouse. Recommaended 33 MH2 386 with S8MB RAM, 16-
color VGA (263~color with VGA+ card)

Delivery minimum: 20 MHz 386 with 4MB RAM, 16-color VGA, 20MB
hard disk, and a mouse.



8 Multimedia Autizoring Sottwars

Create

Training

-End
ools with

Authorware 2.0

Y ALFRARD POOR

Wiset we selected Authotware
Professonai for Wiadows,
Varsion 1.0. as the Editors’
Cloigcs in our Maren 31, 1992,
evaiuation of muitimedia
authering software. we pointsd
Qut its ingustnal-streagth faa.
TUPS s6t And said that mastenng
the program would 1axs 3 siz.
abie investment of time agd
affort. Vertion 2.0 bas even
more features, dut fortunately,
the pacxags has become & bit
oasier 10 learn and use.
Authorware 18 a high-enda,
$4.995 autaoriag tool with which
you daveiop iearning snd tratg-
ing appiications using Windows
Mulumaedia features (inciuding
ammation, and souad).
1t Bas Dess used to create svery.
thiag from K-12 math ana read.
ing programs to trataing pro.
gams lor MeDonaid's em.
ployees 1o traumung simulations
far airline securicy personnsl.

3UIL0Ing 100N FLOVONARTS
This Windows progrnm telies on
& visual tlowehart mataphor for
Teanng appiicatons, There are
just 12 leoss, which you draginto
the wOrKspecs (0 CoBstrucs iogic
stucrures.

After inesiting an icoa intq
the strugstural diagram, you caa
edit its arcributes. The
Also ifeiudes drawing toois s0
yOu S88 cTeate OF 3AN0taLa an
image (3MP, DIB, BPS. PCX,
PICT., JLE. and . WMEF formagg
are accspted). You caa slso
dafine tae solors for object, the
apecial sffects used 10 make
wem appear (and dissppear).
40d sven theit display modes,
which detarmine wast pornen of
background will show tnrough.

80 rMAGAZING 1UNE 13, 199

[cons for Branching, sither as
2 resuit of calgulations. uaer
INPUL OF just raadom seiection,
ars availabie. A caleuiauon icon
2an be Usad 1O tYRCK LSET $COTRS,
(Igger sventa, or uss any one of
Bundreds of defined functions,
A Cwait" icoa can be uses to
pause :he spolication until the
uSer TESPONAS OF UBt & cerzain
amount of time has e1apesa.

The workspass has 20 637011
bars. 30 if vour iogic strusture
ge18 100 big. it won't {it on.
sceesn. This only eacourages
¥au 10 use the Authorwirs
“map'’ icons, whisd serve as
piace dolden for & colisetion of
icoas. This {eature is somewhat
anaiogous to & sudrouwtine in
programming, When yeu dou.
ble-click on & map icon. it opeas
another workspacs whers you
can edit its components, Map

First Looks

video. Authorwers directy mip.
ports botd .PCM aad .WAV
sound-file formats aod has cus.
tom functicns available that sup-
port MID! (Musicsl lastrument
Digital Interiace) flles and audio
CD through the Windows MCT
(Media Control Latertace).

The program supports a
large aumboer of movie flis for-
mats. including Autodesk Ani-
mstor, FLC, FLI, and .C3L.
Varsion 2.0 adds support for
Macromedia Director Sles in the
MMM format, It also adds sup-
port for Microsott Video for
Wisdows and QuickTime for
Windows (.MOV) files. These
last two formats give access o
full-mauon, digitizad video
icaages for your applications,
The program suppons start-and-
ftop frames. 43 wail as piayback
rats. Thers are also features that
upport axternal video playback
deviced such as laser disks.

Authorwars now includes
more sophitticated text-han-
diiag and intaractive-response
festures. [n Version 1.0, you
could get user responses through
iteZn8 such a8 push buttons and
fres-{onm (Xt answere. Vendon
2.0 sdds sophisticated options
tast inglude irregulariy shaped
~hot' spots on-ecreen, as weil as

N . ¢

APP SUR.OER Authorware uses muitiple windows az workspeces.

iCOBS Can ¢ nested. 30 you can
xeep yous applieation segments
1mail and anageabie.

Tae program aiso has icons
for Mmuntinedis functions. includ.
ing sound. afimated movies, and

aserias of sygtem variables for
taxt handling that make it possi-

ures to Version 2.0 that maks it
sasigr to creats and magage

B racT FiLg

compiex projests. For
vou can predefing icon
and that Mesns you ¢an cree
collection of olten-used it

locats and change
of taxt on dispiay screens in
$10p=mg Dig ummaver.

Ths package inciudes &
time version of the progry
The standard licanse pera
frea distributien of the ruat
aither within the company t
purchases the {ull packags
outsids. &s iong a8 the appii
o is distrrbited tres.

Though the price of Vent
2.0 of Amhorwars kas drom
congiderably (10 $4.995 &
$8.000). it's still not ehoee
does indicase. however, thag
program isa't called “Pro
sionai” for noiking. If you
looking to creats high-le-
computer-based traiting ra
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