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Abstract

Dewatering highly saline aqueous streams, from mining and geothermal leachates
to industrial wastewater, is essential for effective resource recovery and safe disposal.
Membraneless water extraction (MWE) uses a low-polarity solvent to separate water
from concentrated aqueous solutions. In this study, we design a new MWE that uses
dimethyl ether (DME) to selectively extract water from high-salinity brines, leveraging
the volatility of DME to achieve rapid solvent recovery. By separating water and dis-
solved salts at a liquid-liquid interface, MWE minimizes the deleterious effects of scaling
on vulnerable membrane and heat exchanger surfaces, reducing the need for extensive
pretreatment and expensive materials. We begin by developing a computational frame-
work for a multistage counterflow liquid-liquid contactor, which extracts water into
DME, coupled with a multistage solvent regenerator that uses vapor compression to
efficiently separate the desalinated water from the DME extractant. Excess Gibbs free
energy and equation of state frameworks are used to model fluid phase equilibria in
water-DME-sodium chloride (NaCl) mixtures, with interaction parameters estimated
from experimental data. Incorporating equilibrium calculations into a system-scale
computational model, we examine the performance of MWE using DME for the first
time. Our analysis demonstrates that MWE can concentrate seawater desalination
brine (> 1.0 molxacy kg™!) to zero-liquid discharge salinities, with an energy consump-
tion of under 50 kWh per m? of water extracted with a solvent recovery ratio greater
than 99.9%. We highlight the importance of staging the vapor compression process to
simultaneously minimize energy consumption while enabling brine concentration and
product water solvent contamination. The thermodynamic framework developed here
allows for the robust evaluation of new MWE solvents and systems for critical brine
concentration and fractional precipitation applications.
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1 Introduction

The concentration of hypersaline brines is essential for the safe disposal of industrial wastewa-
ters and the recovery of critical metals and salts from aqueous solutions. ' ® Many hypersaline
mixtures, from salt lake and geothermal brines to mining and recycling leachates, contain
minerals critical to the clean energy transition, including lithium and rare earth elements.%®
Brine concentration is central to minimal- (MLD) and zero-liquid discharge (ZLD) processes,
minimizing the cost and environmental risk of saline waste disposal, while enabling brine val-
orization. Currently, concentrating highly contaminated brines often relies on evaporation
ponds, which have low processing rates and a large areal footprint, imposing significant en-
vironmental costs. Developing energy-efficient and scalable processes for hypersaline brine
concentration can drastically reduce the harmful impact of saline waste disposal while aug-
menting critical metals production.

Concentrating brines, which comprise a complex matrix of salts, to ZLD salinities is chal-
lenging due to their high osmotic pressures combined with elevated concentrations of scale-
forming ions.® Membrane systems, such as reverse osmosis (RO), use hydraulic pressure to
drive the permeation of saline water through a semipermeable, salt-rejecting membrane, with
water and salt being separated at the membrane-solution interface. RO is highly efficient,
but the mechanical strength of current materials limits membrane processes to retentate
salinities of < 100 g kg™! (< 1.7 mol kg=! NaCl), with multistage osmotically assisted con-
figurations required to reach ZLD.°'® Thermal processes, such as multieffect distillation
(MED) and multistage flash (MSF), use heat to drive the evaporation of water from a saline
solution. Heat-driven thermal desalination systems, such as MED and MSF, can often be
carbon-intensive, relying on steam generated by burning fossil fuels to vaporize water. Both
membrane and heat exchanger surfaces are highly susceptible to mineral scaling during brine
concentration, which often leads to irreversible damage, necessitating regular maintenance,
cleaning, and shutdowns.'* During desalination, scalant concentrations are elevated near the
water-salt separation interface, promoting the deposition of sparingly soluble salts on key
membrane and heat exchanger surfaces.!®

Membraneless water extraction (MWE) uses a partially miscible solvent to extract water
across a liquid-liquid interface while rejecting dissolved electrolytes. By separating water and
dissolved salts at a mobile liquid-liquid interface, MWE can desalinate hypersaline brines
while avoiding the deleterious impacts of scaling on vulnerable membrane and heat exchanger
surfaces. 1920 In this study, we report the development of a new MWE process using dimethy]l
ether (CH3OCH3, DME), an aprotic organic solvent that is partially miscible with water,
combining a liquid-liquid water extraction step with an electrically driven solvent regenera-
tion process. DME can continuously extract water from brines to salt saturation in a single
process, which is critical for MLD and ZLD. The limited polarity of DME minimizes the
partitioning of ions into the organic phase, yielding high salt rejection values that are main-
tained at high brine salinities.?! The MWE process takes advantage of the high volatility,
low density, and low viscosity of DME (6.37 bar, 655 kg m~3, and 0.127 mPa s, respectively,
at 300 K) to allow rapid solvent regeneration at low temperatures (< 320 K) and pressures
(< 10 bar), overcoming the slow liquid-liquid phase separation kinetics that have hampered
previous solvent extraction systems.???? Low-temperature operation further reduces scaling,
fouling, and corrosion propensity. '°
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Figure 1: Schematic diagram of membraneless water extraction (MWE) process that cou-
ples liquid-liquid separation of water and dissolved salts by dimethyl ether (DME) with a
heat-integrated vapor recompression process to concentrate hypersaline brines. The feed
(stream 1) is contacted with DME (10) in a multistage liquid-liquid contactor (LLS). Water
is extracted from the brine into the DME-rich organic phase across a liquid-liquid inter-
face. lonic salts, which are largely insoluble in the low-polarity DME, remain in the aqueous
phase. The water-laden organic phase (3) is then passed through a valve into the boiler side
of the first stage of the solvent regenerator where the highly volatile DME vaporizes rapidly,
with the extracted water (5.1) and any dissolved ions remaining in the liquid phase. The
resulting DME vapor (4.1) is compressed to its saturation pressure (6.1) and passed through
the condenser side of the regenerator, producing a DME-rich liquid stream (7.1). The liquid
phase (5.1) is passed to subsequent vapor compression solvent regenerator stages, ultimately
forming the product water (5.ny.). In the solvent regenerator, heat is transferred directly
from the condensing DME to drive DME vaporization on the boiler side. Finally, the liquid
DME from each vapor compression stage (7.iy.) is combined (8) with any additional makeup
required (9) and passes into the liquid-liquid contactor (10). Typical temperatures (purple
bars), pressures (green bars), and illustrative stream compositions (water—blue segments,
DME-orange, and NaCl-green) are shown.
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We begin by designing a novel hypersaline brine concentration process that combines a
multistage countercurrent liquid-liquid contactor (LLS) with a multistage vapor compres-
sion (VC) solvent regeneration system (Figure 1). Water is extracted from hypersaline feed
streams by DME in a multistage liquid-liquid contactor. The extracted water and DME
mixture is then efficiently separated using a multistage vapor compression process, yielding
purified product water and DME that is recycled into the liquid-liquid contactor. To analyze
the new MWE process, we first build thermodynamic models for fluid phase equilibria in
aqueous—organic—electrolyte mixtures based on a combination of the electrolyte nonrandom
two-liquid (eNRTL) excess Gibbs free energy (G**) model and the Peng-Robinson equation
of state (EOS). Using an error-in-variables approach,?! we estimate interaction parameters
in the eNRTL G** model by the nonlinear regression of experimental fluid phase equilibrium
data. The eNRTL G** and PR EOS models are combined to quantify phase compositions
at vapor-liquid, liquid-liquid, and vapor-liquid-liquid equilibrium (VLE, LLE, and VLLE,
respectively) as a function of temperature and pressure. Using our phase composition cal-
culations, equilibrium models are constructed for the multistage liquid-liquid contactor, in
which the feed stream is contacted with DME, and the multistage vapor compression pro-
cess, in which extracted water and DME are separated. An energy consumption model is
then developed to calculate the electrical work required to compress a vapor-phase water-
organic solvent mixture, based on the isentropic compression of real gas mixtures. Coupling
the liquid-liquid contactor and vapor compression equilibrium models, we then quantify the
potential of electrically driven MWE to concentrate hypersaline brines for the first time.
Finally, we analyze the impact of target brine salinity and product water quality on the
energy consumption of an optimized liquid-liquid contactor—vapor compression system and
quantify the performance of MWE for ZLD processing.

2 Thermodynamic Models

2.1 Model for Liquid-Phase Excess Gibbs Free Energy

Modeling fluid phase equilibria in aqueous—organic—electrolyte mixtures across a wide range
of salinities is challenging given the range of complex phenomena arising from the interactions
between polar solvent molecules and ions. Atomistic simulations of biphasic mixtures com-
prising water and salts mixed with amine-,?2" imidazole-,2%? carboxylic-acid,®® or ionic-
liquid-based®! solvents have shown that small, highly charged ions have a strong impact on
water—solvent interactions and structure in both phases. In this study, the semi-empirical
electrolyte nonrandom two-liquid (eNRTL) model is used to capture the excess Gibbs free
energy (G) of highly nonideal mixtures of water, DME, and sodium chloride (NaCl), with
adjustable parameters estimated using experimental data. The eNRTL model combines
a short-range NRTL term (Gg}) that captures van der Waals and dispersion interactions

between neighboring molecules and ions with a long-range Pitzer-Debye-Hiickel (PDH) ex-

pression (Gy%) to account for longer-range electrostatic forces (G™ = Gy + GR) 3234
Ger _ Z Yj Ziem,c,a Yi9ijTij n Z Yj ZiEm,a Yi9ijTij . Z Yj Ziem,e YiGijTij (1)
RgT JjEM ZiEm,c,a YiGij jec Ziém,a YiGij jea ZiEm,C YiGij
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where the subscripts m, ¢, and a denote the indices of molecular (uncharged), cationic, and
anionic species, respectively; and y; = (;x; is the effective mole fraction of species i, where
x; is the mole fraction of species ¢ and (; is defined as (e, = 1 and (iecq = |2]; 7 is the
nonsymmetric normalized interaction energy parameter between species pair ¢ and 7; and
gi; = exp(—ay;T;;), where a; is the symmetric nonrandomness factor for interactions between
species ¢ and j. In this study, the normalized interaction energy parameters between species
i and j are expanded in temperature, where data are available, giving 7;; = (w;; + v;;T)/T.
The long-range PDH contribution to excess Gibbs free energy is3% 34
e \?
(GSkBT) (2)

1
o 4A 1 12 1/27N
=LR 2y Ty T Ay =3 P
R,T Ty 1+ 7,102 3\ V
where Ay is the Debye-Hiickel parameter, r is the PDH closest approach parameter, I, =

Y
2 . . . . . 0 o . .
> iceq Tizi is the ionic strength on a mole fraction basis, I} = limy, 4,0 I is the reference

D=

ionic strength, N, is the Avogadro constant, e is elementary charge, and V' and € are the
molar volume and relative permittivity of the electrolyte-free solvent mixture, respectively.
The activity coefficient of species 7 in a mixture of neutral molecules, cations, and anions

is defined as
) (3)
T,P,N;%;

where N is the total number of moles in the mixture and N; is the number of moles of species
i. In this study, a symmetric reference state of pure fused salts is used for electrolytes.3*
Complete expressions for the activity coefficients of molecular, cationic, and anionic species
(Equation 3) are presented in Supporting Information S1.3*

1 ONG™

L oNG T NG
R, T ON,

ON;

Inv; =

_ 1 [ONGg
~ R,T\ ON;

T,P,Nj; T,P,Nj+;

2.2 Model for Vapor- and Liquid-Phase Fugacity

The Peng-Robinson (PR) cubic equation of state (EOS) is used to model the pressure-
volume-temperature behavior of water and DME, giving the compressibility factor (Z =
PV /R,T) as a function of pressure (P) and absolute temperature (77)3%36

Z*—(1-B)Z*+ (A-2B-3B*)Z— (AB-B*-B%) =0 (4)

where A = aP/R;T? and B = bP/R,T are the normalized molecular interaction (a)*>*" and
volume parameters (b),*>37 respectively, and Ry is the universal gas constant. The van der

Waals one-fluid combining rules are applied for vapor-phase water-DME mixture parameters
(A=2"> miwj\/AiA; and B =}, x;B;). The fugacity coefficient of species i in phase j

(égj)) can then be calculated by?3839

Z0 +(1++/2)B
Z0 +(1-+2)B

228 A B

IngY) = E(Z@ —1)—In(2Y - B)

A [22 0w A) @}m
B

(5)
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where ZU) = pyU) /RyT is the compressibility factor of vapor or liquid phase j. Z" and
ZV® are calculated by solving Equation 4 using the polyroot and hybrj functions in numpy
and scipy, respectively.*?*! G** and EOS models used in this study are coded in Python
using the thermo package.?

2.3 Parameter Estimation

Maximum likelihood estimators for short-range eNRTL interaction parameters are calculated
by the nonlinear regression of experimental fluid phase equilibrium data comprising equi-
librium compositions, temperatures, osmotic coefficients, and mean ion activity coefficients
using an error-in-variables (EIV) approach.*3™%® Binary interaction parameters are expanded
in temperature 7;; = (u;; + v;;7) /T, where literature data is available, and nonrandomness
parameters («;;) are fixed at 0.30 and 0.20 for molecule-molecule and molecule-salt interac-
tions, respectively.3273* Fluid phase equilibrium calculations are described in Section 3.
EIV maximum likelihood estimators for short-range water—-DME interaction parameters
0c1 = [wij, uj;, vij,vj), where it HyO and j: CH30OCHj, and experimental temperature
measurements (w;) are calculated by the nonlinear regression of water-DME LLE data?*6

2

. aq,k Ly,
0c1,w; = argmin E d 4
4
05, €R k=1

exp exp
wi eRnaq +7L0rg

Uxaq,k

nEXP
aq [.TeXp mod (OG ” /17 TGXP)

2 exp
norg 5P mod (g’ /! rexp Naq +Norg exp ds, o\72
+j : org, orgk;( G,l?wlﬁTk ) + 2 : |:Tk B leno (wl) (6)
O—Iorgak k=1 O-Tvk

EIV maximum likelihood estimators for short-range water—-NaCl interaction parameters
0o = [uij, uji, vij,v;i], where i: HoO and j: NaCl, and experimental solution molality
and experimental temperature measurements (ws) are calculated by the nonlinear regression
of osmotic (p;) and mean ion activity (y4 nac1) coefficient data for water-NaCl mixtures*"®

exp
nosm exp mod / exp eXp
00 w argmin Z PH,0,k 90H2O(0G,2a w27mNaClk7T )
G2, W2 =
0y, ,ER? 1 Tk
wh €R2("osm+”z)c($)
Xp 2
nact exp mod exp eXp
n Y+ NaClLk — Vi,Nam(OG 9y W3, MNaCLEs h )
—1 Oy .k
exp 2 exp
nosm“’nact exp / nosm“l‘nact exp mod / 2
n Z MNacLE mNaCl(‘*’ ) n Z |:Tk -1y (‘-"2)] (7)
Tm.k el 0Tk

The osmotic coefficient is defined as @; = — In (y;a;)/(M; SN =1 m;), where m; is the molality
of each ionic species j and M; is the molar mass of the solvent i. EIV estimators for short-
range DME-NaCl interaction parameters (8¢ 3 = [u;;, u;i]), where i: CH3OCHj3 and j: NaCl,
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and experimental aqueous-phase NaCl mole fraction and temperature measurements (ws) are
calculated by the regression of water-DME-NaCl LLE data®®

2

03, ws = argmin g
0y 3€R? 1
, 27 EXP
whER?LLE

exp
NyLe[ ,.exp mod / ! ,.exXp exp
[tzo,k - IH20(9G71= 0c 2, 90,37 W3 TNaClks Ih )

O-mHQOJC

2

(8)

0Tk Oznact;k

exp exp
NLLE[ qrexp ds, s\12  TLLE| ,.exp _ .mod /
+ } :[Tk — 1" (‘v%)] " Z TNaClk xNaCl,k(wS)

k=1 k=1

The liquid-liquid phase equilibrium compositions used to estimate short-range DME-NaCl
interaction parameters were measured at a single temperature and therefore binary interac-
tion energy parameters are not expanded in temperature (v;; = 0 and vj; = 0).%

EIV maximum likelihood estimators for 8¢ ; and w; (Equation 6); O¢ 2 and wy (Equa-
tion 7); and O 3 and w; (Equation 8) are computed using the dual annealing and L-BFGS-B
algorithms in scipy for global and local minimization in Python, respectively.4* The stan-
dard deviations of experimental uncertainties for each measurement k (o) are set to o,,, =
Oz = 1.0 X 107%, o7, = 0.040 K (for 81, Oc 2, wi, and ws), o7y = 0.50 K (for O3 and
ws), 0, =1.0x1073 o,. =1.0x 1073, 0, = 1.0 x 107® mol kg !, and 0, ., = 1.0 x 1072,
based on the equipment and methods used for experimental measurements. 461

Figure 2 shows the maximum likelihood estimators for short-range eNRTL water-DME
(6c.1, blue circles), water-NaCl (6¢ 2, green circles), and DME-NaCl (6 3, orange circles)
interaction parameters, which are estimated from experimental data using an EIV regression
approach.** The estimated eNRTL interaction parameters are listed in Table S1. The global-
local optimization routines used to calculate 8¢ 1, O¢ 2, 0 3, w1, wa, and w; were executed 50
times to ensure that the solution space was sampled effectively and to verify convergence in
the estimated interaction parameters. Standard deviations for the estimators 8¢ 1, 6¢ 2, and
0 3 are given in Table S2. Figure S1 shows the deviation in eNRTL interaction parameters
over the 50 runs. EIV estimators (black circles) are shown for experimentally measured
temperature and liquid-phase composition in the aqueous (blue circles, Figure 2¢) and organic
phases (orange circles, Figure 2b) of a water-DME mixture at LLE. The corresponding
deviations in water mole fraction and temperature between experimentally measured and
model-calculated values in the aqueous and organic phase are indicated (blue and orange
lines, respectively). Similarly, EIV estimators (black diamonds) for experimentally measured
aqueous-phase water and NaCl mole fractions in water-DME-NaCl mixtures at LLE are
shown (green diamonds, Figure 2d), with corresponding deviations between experimentally
measured and model-calculated values of the electrolyte-free water mole fraction and NaCl
mole fraction indicated (green lines). Figure 2 highlights that the eNRTL G** model is
capable of capturing the LLE phase behavior of mixtures containing water, DME, and NaCl
over a range of temperatures and concentrations. For water-DME mixtures, the mean
absolute errors (MAE) for water mole fraction and temperature are 4.2 x 107% and 0.70 K,
respectively. Similarly, for water-DME-NaCl mixtures, eNRTL yields MAEs of 6.8 x 1074,
3.3 x 1073, and 0.79 K for electrolyte-free water mole fraction, NaCl mole fraction, and
temperature, respectively.
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Figure 2: (a) Estimators for nonsymmetric short-range electrolyte nonrandom two-liquid
(eNRTL) interaction parameters in water—dimethyl ether (DME)-sodium chloride (NaCl)
mixtures 7;; = (uj; + vy;T)/T. Normalized interaction energy parameters u;; = u;;/300 K,
uf; = u;i/300 K, vy; and vj; for water-DME (blue circles), water-NaCl (green), and DME-
NaCl (orange) are shown. Error-in-variables (EIV) estimators (black circles) for experimental
measurements of temperature (Tyrg) and electrolyte-free water mole fraction (7y,) in the
organic (b, orange circles) and aqueous (c, blue circles) phases of a water-DME mixture
at liquid-liquid equilibrium (LLE). Experimental Ty g}, data from Holldorff.%® (d) EIV
estimators (black diamonds) for experimental measurements (green diamonds) of the NaCl
mole fraction (wnac1) and electrolyte-free water mole fraction (zf,o) in the aqueous phase
of a water—-DME—-NaCl mixture at LLE. Experimental fENaCl*tho data from McNally.*? (b,
inset) EIV estimators account for deviations between experimentally measured and model-
calculated temperature and composition values (Equations 6, 7, and 8).
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3 Fluid Phase Equilibrium Calculations

Understanding how temperature, pressure, and salt concentration affect fluid phase equilib-
ria in aqueous—organic—electrolyte mixtures is critical for effective MWE process design. For
example, LLE compositions determine the water recovery and salt rejection in the liquid-
liquid contactor, while VLE and VLLE temperatures and pressures are required to calculate
the energy consumption of the vapor compression solvent recovery process. Fluid phase
equilibrium calculations in aqueous—organic—electrolyte mixtures are performed by solving
for unknown compositions, temperatures, and pressures subject to electrochemical, thermal,
and mechanical equilibrium constraints and mass balances.?® Mechanical and thermal equi-
librium requires that the pressure (P! = PY) and temperature (71 = T™) of both phases
be equal, respectively, assuming that the phase interface has negligible curvature. Chemical
equilibrium between two fluid phases I and II requires that the fugacity of every species 7
present in both phases I and II be equal in the two phases (f! = fII). Electrochemical equi-
librium also requires that electroneutrality be maintained in each phase, because no external
electrical fields are applied during MWE. In aqueous—organic—electrolyte mixtures, the de-
grees of freedom depend on the number of neutral molecules, charged ions, and equilibrium
phases (see Supporting Information S2).

The fugacity of species i in a liquid-phase mixture ( fihq) at temperature 7" and pres-
sure P can be written as f%(T, P) = 74T, P, "2 (T, P)P, where v; is the activity
coefficient of species i in the mixture (Inv;(7T, P,x) = G™/R,T), x; is the mole fraction
of species ¢ in the mixture, and gb?q is the liquid-phase fugacity coefficient of pure species
1, x is the mole fraction vector. Similarly, the vapor-phase fugacity of species 7 in a mix-
ture is f;*P(T, P) = ¢;**(T, P,x"**)x;** P. For incompressible liquids and their mixtures
at moderate pressures, the fugacity of species ¢ at temperature T can be approximated by
YT = AT, &) M9 (T Ps24(T) | where ¢p %" and Pt are the fugacity coefficient
and saturation pressure of pure species 7. For LLE calculations, the isofugacity requirement
reduces to an isoactivity constraint, with each molecular species and salt satisfying

Vi NT, &™) = 78 (T, x®) ™ i € H,O,CH30CH3 (9)
71?“(T, :caq)xf&i’j = yirjj (T, morg)xigm i€Na', jeCl™ (10)

. Vg . V5 . . .
where x4, ; = (2}'27)" and 71 = (7"7;7)"/* are the mean ionic mole fraction and mean

rational activity coefficient, respectively, defined using a symmetric reference state.3* The ac-
tivity coefficient of species i or salt i-j (7; and 74 ; j, respectively) is calculated for a specified
mixture temperature (7') and composition (x) using the eNRTL G model (Equation 3).
LLE compositions are determined by solving Equation 9 for water and DME and Equa-
tion 10 for NaCl, simultaneously, using hybrj (a modified version of Powell’s method) in
scipy. 1253 Neglecting the impact of pressure on incompressible liquids, LLE calculations
in binary solvent-single salt mixtures have two degrees of freedom arising from six com-
positions, temperature, three isoactivity constraints, and two electroneutrality constraints
(see Supporting Information S2, Table S3). The Gibbs plane area method is used to ensure
robust Gibbs free energy minimization and the phase stability of solutions calculated.?®%°
VLE calculations are performed by solving the isofugacity requirement for components,
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noting that ionic species are nonvolatile at the temperatures and pressures examined here
T, &) 295 (T, P) PRYT) = 7 G(T, P, ™) P (1)

VLE calculations in binary solvent—single salt mixtures have three degrees of freedom aris-
ing from four compositions, temperature, pressure, two isofugacity constraints, and one
electroneutrality constraint (Table S3). VLE composition and bubble- or dew-point temper-
atures or pressures are calculated by solving Equation 11 simultaneously for both water and
DME using hybrj in scipy. %25 VLLE composition, temperature, and pressure calculated
are performed by simultaneously solving equilibrium between aqueous, organic, and vapor
phases. VLLE calculations in binary solvent-single salt mixtures have two degrees of free-
dom arising from seven compositions, temperature, pressure, five isofugacity or isoactivity
constraints, and two electroneutrality constraints (Table S3).

Figure 3a is a phase diagram for water-DME-NaCl mixtures at LLE showing how the
electrolyte-free water mole fraction (zy,,) of the aqueous and organic phases vary with tem-
perature and aqueous-phase NaCl concentration (a3 ). Liquid-phase mixtures containing
water, DME, and NaCl have three potential phase splits: single aqueous liquid, single or-
ganic liquid, and aqueous and organic liquids at LLE (see Section S2, Figure S2). Aqueous-
and organic-phase compositions are calculated as a function of temperature and NaCl mole
fractions, which increases from 0.00 (darker blue shading) to 0.09 (lighter green shading),
using the eNRTL G model. NRTL reliably models LLE measurements for water-DME
mixtures from 250 K to 320 K (black empty circles, Holldorff%%). Figure 3a inset shows how
the electrolyte-free water mole fraction in a mixture of water, DME, and NaCl at LLE varies
with aqueous-phase NaCl concentration (z3}). eNRTL reliably captures experimental mea-
surements of LLE composition for mixtures containing water, DME, and NaCl across the
range of aqueous-phase NaCl mole fractions studied from 0.00 to 0.09 (black filled diamonds).

The LLE phase behavior of water—-DME-NaCl mixtures shown in Figure 3a has impor-
tant implications for the water recoveries that can be achieved and the solvent recycling
rates required in MWE. Figure 3a demonstrates the drastic impact of salt on LLE compo-
sitions of mixtures containing water and DME. Adding NaCl to a multiphase mixture of
water and DME causes a rapid reduction in both the aqueous-phase DME content and the
organic-phase water content. Small ions, such as sodium and chloride, preferentially interact
with the more polar components of multisolvent mixtures.?” % Strong interactions between
sodium and chloride ions and water ‘salt out’” DME (Figure 3a inset) as the proportion of free
water molecules available to solvate DME molecules decreases and molecular structure in the
bulk water phase increases. % % Furthermore, preferential interactions between the Na® and
Cl™ ions and water lead to its depletion from the organic phase. Consequently, the addition
of NaCl leads to a simultaneous increase in the electrolyte-free water mole fraction in the
aqueous phase (2}{.) and a decrease in the electrolyte-free water mole fraction (zj.6). In-
creasing temperature drives a moderate increase in the both the aqueous- and organic-phase
water mole fraction. The anomalous temperature dependence of aqueous-phase composi-
tion at LLE is ascribed to the associative effects of strong interactions between water and
DME molecules, due to hydrogen bonding, compared to relatively weak interactions between
neighboring DME molecules, which cannot hydrogen bond.%*

Figure 3b shows the isothermal bubble- (top right region) and dew-point (bottom left
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Figure 3: (a) Liquid-liquid equilib-
rium (LLE) phase diagram showing
aqueous- and organic-phase composi-
tions in mixtures of water, dimethyl
ether (DME), and sodium chloride
(NaCl) as a function of temperature
(T') and aqueous-phase NaCl mole
fraction (zxLc). Experimental data
are shown for water-DME mixtures
(empty circles®®) and water-DME-
NaCl mixtures (filled diamonds*?) is
shown. Model x*¢ and x°® val-
ues were calculated by solving isoac-
tivity equations for water, DME,
and NaCl wusing the -electrolyte-
nonrandom-two-liquid (eNRTL) ex-
cess Gibbs free energy (G**) model.
(b) Vapor-liquid equilibrium (VLE)
bubble- and dew-point phase com-
positions and pressure (Pypg) as a
function of liquid- (m}iﬂo) and vapor-
phase (zy,,) composition, respec-
tively, and temperature (7). Model
Pyrg and wy, values were cal-
culated by solving the isofugacity
equations for water and DME using
the eNRTL G** model coupled with
the Peng-Robinson equation of state.
Experimental data for water-DME
mixtures (circles®®) are shown. (c)
VLLE pressure (Pyrpg) as a func-
tion of temperature (7") and aqueous-
phase NaCl mole fraction (zylq)-
Model Py1r values were calculated
by simultaneously solving the LLE
and VLE equations. Experimental
data for water-DME mixtures (cir-
cles™ and diamonds®) are shown.
Saturation pressures for water and
DME are indicated (dashed curves).
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region) VLE pressures (PypLg) in water-DME mixtures as a function of liquid- and vapor-
phase composition, respectively, for a range of equilibrium temperatures (7). In water—
DME mixtures that form vapor- or liquid-phases there are seven potential phase splits:
single aqueous liquid; single organic liquid; aqueous and organic liquids at LLE; aqueous
liquid and vapor at VLE; organic liquid and vapor at VLE; aqueous liquid, organic liquid,
and vapor at VLLE; and vapor (Figure S2). Liquid- and vapor-phase compositions are
calculated using the NRTL G** model coupled with the PR EOS, using the one-fluid van der
Waals mixing rule. The NRTL-PR model effectively captures experimental bubble-point
pressure measurements as a function of composition for water-DME mixtures across the
273 K (darker blue curves) to 323 K (lighter green curves) temperature range (black empty
circles, Holldorff®). The three-phase VLLE pressure is indicated for each temperature shown
(dashed curve). In the temperature and pressure range shown, the eNRTL-PR model is able
to effectively capture bubble and dew point data for water—-DME mixtures without requiring
adjustable parameters estimated based on vapor-phase mixture data.

The VLE phase behavior of water-DME mixtures shown in Figure 3b governs the pres-
sures and temperatures required in the vapor compression solvent regeneration process, with
important implications for energy consumption in MWE. At low pressures, the water-DME
mixture exists as a vapor. As pressure is increased at a constant temperature, the mixture
passes through its dew point, forming a liquid phase (VLE) or two liquid phases (VLLE),
depending on the overall composition of the mixture. As pressure is increased further, the
aqueous—vapor, organic—vapor, or aqueous—organic—vapor mixture passes through its bubble
point, leading to the formation of an aqueous liquid, organic liquid, or aqueous and organic
liquids at LLE, respectively. Figure 3b highlights the large difference in volatility between
water and DME, which is essential for effective solvent recovery during MWE. Vapor-phase
water content (zyh,) is small (< 0.01), except at high temperatures or low pressures. The
bubble point for DME-rich mixtures is close to the saturation pressure of pure DME. For
water-rich mixtures, the bubble point rapidly decreases with increasing water mole fraction
from the three-phase VLLE point to the saturation pressure of water. Above the VLLE
pressure, the vapor phase exists in equilibrium with a DME-rich organic liquid phase, while
below the VLLE pressure, the vapor is in equilibrium with a water-rich aqueous liquid phase.

Figure 3¢ shows how the VLLE pressure (Pyrg) in water-DME-NaCl mixtures varies
with equilibrium temperature (T') and aqueous-phase NaCl concentration (x}3}q), which
ranges from 0.00 (dark blue curves) to 0.09 (light green curves). VLLE pressure is calcu-
lated by solving for LLE and VLE in mixtures containing water, DME, and NaCl, simulta-
neously, using the eNRTL G** model coupled with the PR EOS with the one-fluid van der
Waals mixing rule. Figure 3c inset shows the change in VLLE pressure in a water-DME—
NaCl mixture compared to a electrolyte-free water-DME mixture at the same temperature
(AP\/LLE(T, .I;qam) = PVLLE(T; x%i(}l) - PVLLE(Ty x;(;m = 0)) as a function of T for xf\%m)
ranging from 0.00 to 0.09. The NRTL-PR model effectively captures experimentally mea-
sured VLLE pressures throughout the 120 K temperature range from 250 K to 370 K (black
empty circles, Holldorff%6 and black diamonds, Pozo®®). Single component VLE saturation
pressures for water (Pghg) and DME (P&, ocn,) are indicated as a function of temperature
(dashed black curves).

The VLLE pressure of water-DME-NaCl mixtures plays a critical role in setting the
operating pressure of each vapor compression solvent recovery stage. Vapor compression
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operating pressures below Py g are required to ensure that the vapor, which is primarily
DME, is in equilibrium with an aqueous liquid phase allowing effective water-solvent sep-
aration. The VLLE pressure of water-DME mixtures increases rapidly with temperature.
The vapor phase at VLLE is mostly DME with zy), < 0.01. Consequently, Py increases
broadly in line with the saturation pressure of pure DME (Pgi, oo, upper dashed curve).
The addition of salt causes an increase in Py g as NaCl drives DME out of the aqueous
liquid phase, leading to a corresponding reduction of organic-phase water content. For equi-
librium temperatures below 320 K, the increase in VLLE pressure due to the addition of
NaCl is relatively small (APy g < 20 kPa), corresponding to the smaller impact of salt on
organic-phase water content at lower temperatures.

4 Extractor and Regenerator Process Design

Energy-efficient MWE requires a brine concentration system and solvent regeneration process
that maximizes heat recovery.% Figure 1 shows a schematic illustration of a new MWE that
combines a multistage counterflow liquid-liquid contactor (to maximize water recovery) with
a multistage vapor compression solvent recovery system (to maximize energy efficiency). The
feed (stream 1) is contacted with dimethyl ether (10) in a multistage liquid-liquid contactor
where water is extracted from the hypersaline brine, while most of the salt remains in the
concentrated brine (2). The water-laden DME stream that exits the liquid-liquid contactor
(3) then passes through a valve into the boiler side of the first solvent recovery stage. The
DME-rich vapor from the boiler (4.1) then passes to the compressor, while the water-rich
liquid stream (5.1) passes to the next vapor compression stage, ultimately becoming the
desalinated product water (5.n,.). The higher pressure vapor (6.1) passes into the condenser
side of the first solvent recovery stage, transferring heat directly to the boiler side, driving
the vaporization of DME. The condensate (7.1) from the first vapor compression stage,
which is primarily DME with a small amount of vaporized water, is then combined with the
condensate from other stages (8) and additional DME make-up (9) before being recycled
into the liquid-liquid contactor (10).

Staging the counterflow liquid-liquid contactor increases water recovery for a given solvent-
to-brine flow rate ratio.'® The new regeneration design leverages solvent volatility to rapidly
separate DME from water, minimizing the unwanted recycling of water into the organic
stream entering the liquid-liquid contactor. Using a vapor compression process maximizes
energy recovery by directly transferring heat from the condensing DME-rich organic vapor to
the liquid-phase water-DME-NaCl mixture to drive the vaporization of DME. Staging the
vapor compression process allows the majority of the DME to be recovered with relatively
low pressure ratios, minimizing energy consumption, while later stages can use higher com-
pressor pressure ratios with smaller vapor flow rates to achieve required product water DME
concentrations. This section describes a new computational model of the electrically pow-
ered MWE system developed by combining fluid phase equilibrium calculations (Section 3)
with mass and energy balances to quantify and optimize MWE performance.
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4.1 Liquid-Liquid Contactor

A thermodynamic model for a counterflow liquid-liquid contactor comprising ny,. equilibrium
stages is developed by combining the LLE calculations described in Section 3 with mass
balances on water, DME, and NaCl. LLE calculations are performed by simultaneously
solving Equations 9 and 10 for water, DME, and NaCl. The feed enters the liquid-liquid
contactor in stage 1 and exits stage nj. as concentrated brine. The mole fraction of water
in the aqueous stream decreases as it passes through the liquid-liquid contactor. DME
enters stage nj. and exits stage 1 before passing to the first vapor compression solvent
regeneration stage. The amount of water in the DME-rich organic stream, which is recycled
from the solvent regeneration process, increases going through the liquid-liquid contactor
as water from the brine dissolves into the organic stream. Small amounts of NaCl are
also transferred into the organic stream, with its concentration increasing from stage ny. to
1. Detailed liquid-liquid contactor design requires an in-depth understanding of interphase
mass transfer kinetics between the aqueous and organic phases of a salt-containing biphasic
mixture of water and DME (Section S3). However, the number of actual contactor stages
required is typically calculated as a function of the number of equilibrium stages studied
here. 9667

For an ny-stage counterflow liquid-liquid contactor with specified inlet aqueous and or-
ganic stream flow rates (N3¢ and N;;rlg +1, respectively); inlet aqueous and organic stream
compositions (xy" and @, * , |, respectively); eNRTL interaction parameters (6¢,1, ¢,2, and
0. 3 calculated using Equations 6, 7, and 8, respectively); and temperature (T); the steady
state stage-wise molar flow rate balance on water and DME can be expressed as

F N3\ Q0 12

llc aq - Q ( )
LNacl CH30CH3

where Fj, : R?e — R?me; N2 — [Nf‘q,NQaq,...,ngc] € R™ec is the aqueous stream

stage-wise molar flow rate vector, @* = [2Xhc1 1, TNacrer- - TNaclny,) € K™ is the

NaCl concentration at each liquid-liquid contactor stage, Q2,0 € R™= (Equation S7) and
Qcnyocn, € R™e (Equation S8) are the stage-wise net molar flow rate vectors for wa-
ter and DME, respectively. Equation 12 incorporates the total all-component net mo-
lar flow rate (Equation S6) at each stage and LLE constraints (Equation S11) between
the aqueous and organic streams leaving each stage, which are calculated using Equa-

tions 9 and 10 (Figure 4a). Equation 12 is solved numerically to calculate [N aq,wﬁlm]

. ‘raq ‘rorg aq aq aq aq aq org -

for specified values of Ny*, N, °.,, x5 = [xH2o,07$CH300H3,07$Na+,ovxcho}a xe =
org org org org . . .
[ngO,n11C+17ICHgOCHg,nHC-‘rl"TNaJr,n“C—H’xCl*,n11C+1}’ 0c.1, 0c2, O3, and T'; using the hybr]

function implemented in scipy.4!%®

In MWE, the organic stream entering the liquid-liquid contactor contains a small amount
of water (211;0,,,.+1 < 0.01), but does not contain any salt (vyy, , ., =0andzg® . =0)
as it is composed of condensed vapor exiting the vapor compression solvent regeneration

process and make-up DME. Similarly, there is no DME in the feed stream (xac(}"lgoCHg,O =
0). In process-scale calculations, the inlet organic stream water mole fraction (N, ®,; and
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org . . . . .
THYO et 19 respectively) is calculated by numerically solving a mass balance on water in

the solvent stream entering the liquid-liquid contactor (stream 10 in Figure 1). The inlet
organic-stream molar flow rate (N, ;) can be fixed or calculated numerically by solving
for other variables, including a specified water recovery (Ry,o) or outlet concentrated brine

.. laq
salinity (mNaCLnuc)'

4.2 Vapor Compression Solvent Regenerator

The water-laden DME from the liquid-liquid contactor is flashed through a valve before
entering the boiler side of the first vapor compression stage. In the boiler, heat is transferred
to the water-DME-NaCl mixture, forming a vapor and liquid mixture. The resulting vapor
stream, which is primarily DME with small amounts of water (x}iﬁojvc < 0.01), is then
compressed and passed into the condenser side of the first vapor compression stage, producing
liquid DME, which is recycled to the liquid-liquid contactor. The liquid stream from the
boiler side; which contains most of the water, a reduced amount of DME, and all of the NaCl;
is passed to the next vapor compression stage. A thermodynamic model for a multistage
vapor compression process comprising n.. equilibrium stages is developed by combining the
VLE calculations described in Section 3 with mass balances on water, DME, and NaCl
(Figure 4b). VLE calculations are performed by simultaneously solving Equation 11 for
water and DME. Detailed heat exchanger design and sizing of the boiler—condenser in each
vapor-compression stage requires models for two- and three-phase boiling in multisolvent—
multielectrolyte mixtures. In this study, we develop a thermodynamic model for a solvent
regeneration process comprising n.. equilibrium stages. The vapor and liquid phases leaving
each vapor compression stage are in thermodynamic equilibrium. A minimum or terminal
heat exchanger temperature difference (ATER) is used as a surrogate metric to account
for finite heat transfer area% (Figure 4b). The bubble-point point elevation in water-DME
mixtures increases monotonically with decreasing liquid-phase DME content (Figure 3b) and
therefore the actual temperature difference in each vapor-compression stage heat exchanger
is greater than AT

The boiler-side pressure in stage iyvc (Pooiler,iv. ), the composition of the vapor phase leaving

vap

stage iy (x;

.0), and the molar flow rates of the liquid and vapor streams leaving iy, (N liq

tve
and NZVV °P_ respectively) are determined by combining bubble-point calculations (Equation 11)
with steady-state molar flow rate balances. The boiler-side temperature (Thoier) is given by
Tooiler = Thys — ATER, where Ty, is the system operating temperature and ATHY is the
minimum temperature difference in the heat exchanger. The boiler-side temperature and
pressure in stage i, and the composition of the vapor stream leaving stage .. are the inlet
temperature, pressure, and composition for compressor i,.. The outlet pressure for each
compressor is the system operating pressure (Fiys). The liquid stream leaving the final vapor
compression stage (stage n..) forms the product water. Consequently, the molar flow rate
rate of desalinated water produced is N};‘ixiﬁo’nvc. The total compressor work per unit mole

Vi

of water produced for an MWE system comprising a multistage counterflow liquid-liquid
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contactor coupled with vapor compression solvent regenerator is thus given by

Nve

1 ) .

. . vapy x 7comp ) lig

K— o é%g,lc—l Nliq lig E Nivc wivc (TboﬂeraxCHgOCHg,ivcaPsys) (13>
x ’I’chxH2oynvc ivczl

where W is the total compression work per unit mole of water produced, wgfflp

is the compression work per unit mole of vapor flow through compressor i.., 0, =

lig lig liq . . .
[$CH300H3,1axCHSOCH3,2a oy TOH,0CHs mve 1| 18 @ vector of the DME mole fractions in the

liquid streams leaving the first n,. — 1 vapor compression stages, Tyeiler is the boiler-side
temperature, P, is the system operating pressure, Ni(vjc) is the molar flow rate of stream j
leaving stage .., and xl(zc) is the mole fraction of component k in stream j leaving stage ic.
Equation 11 is solved to calculate Ppyjier,i,, and @], vapor stream composition leaving stage
ive, as a function of Tijer and xlci%BOCHMVC at VLE using hybrj in scipy.*! The compres-
sion work per unit mole of vapor flow through each compressor can then be calculated as a
function of Thoiter, Phoiler,ives and Py (Section 4.3).

The liquid stream leaving the final vapor compression stage forms the product water
for the MWE system and its solvent concentration (xlCig{?,OCHs,nvc) is specified as a key per-
formance metric. Consequently, the vapor compression process must reduce the solvent

. li . . . .
concentration from z/ the DME mole fraction in the organic stream leaving the
CH3OCH.3,O7

liquid-liquid contactor, to xg‘%{SOCHS’nW. For a n,. > 1, the DME mole fraction in the liquid
stream exiting stages 1 to ny,. — 1 can be optimized to minimize total compression work,
noting that the DME mole fraction decreases from one vapor compression stage to the next
(wg%SOCHSJVC 41 < xlé(}{sOCHMVC). Total compressor work per unit mole of product water (W,
Equation 13) is minimized with respect to the stage-wise DME mole fraction vector (6,)

using the L-BFGS-B algorithm in scipy.!

4.3 Compressor Work

Energy consumption in electrically powered MWE is dominated by the electrical power
required to compress the DME-rich vapor during each stage of the solvent regeneration
process. Vapor compression plays a critical role in elevating the dew-point temperature of
the exiting vapor phase sufficiently above the bubble-point temperature of the exiting liquid
phase to allow effective heat recovery for a given minimum heat exchanger temperature
difference (ATP). In each vapor compression stage, the pressure of the vapor stream from
the boiler is raised from Phojier;i,. 10 Piys. In this study, the compression work per unit mole
of vapor flow (W™P) is calculated by dividing the isentropic specific compression work
(WReE,) by an isentropic compressor efficiency (7°°™P), which is assumed to be 0.80.

The work required for the isentropic compression of a real gas mixture comprising DME
and a small amount of water from compressor inlet temperature T3, = Tioier and pres-
sure B, = Piojler,i,. to outlet pressure P,y = Py is calculated using a three-step cycle
(Figure 4c). Equation 14 is numerically solved to determine the compressor outlet tem-
perature T, such that A®™S(Ti,, Py, T, Pouts ) = 0 for a specified Ti,, Py, and Py
(Section S4). Equation 15 can then be used to calculate the isentropic compression work,
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Figure 4:  Schematic di-
agrams  of  equilibrium
models for the (a) counter-
flow multistage liquid-liquid
contactor and (b) boiler-
condenser in each vapor
compression  solvent  re-
generator stage. (a) The
aqueous (blue arrows) and
organic  (orange arrows)
streams leaving each stage
e are in liquid-liquid equi-
librium. (b) The DME-rich
(orange arrows) vapor and
water-rich  (blue arrows)
liquid streams leaving the
boiler- side in each vapor
compression stage ¢, are
in vapor-liquid equilibrium.
The minimum temperature
temperature difference
between the vapor (4.iy.)
and liquid streams (5.7yc)
leaving the boiler (Thoier)
and the liquid stream leav-
ing the condenser (Tiys)
is ATEP.  (c) Schematic
illustration of a three-step
thermodynamic cycle used
to calculate the enthalpy
change for the isentropic
compression of a mnonideal
gas mixture. Departure
functions are used to
quantify the entropy and
enthalpy change going from
a real gas mixture to an
ideal gas mixture at T3, and
P, and vice versa at T,
and P,y.

17


https://doi.org/10.1021/acs.iecr.4c00517

A. Deshmukh, A. D. Wilson, & J. H. Lienhard 10.1021 /acs.iecr.4c00517

noting that WXeo(Tin, Py Pouts ) = ANeroH (Tin, Py Pout, ), giving

com de Tout C{DG(:C> P out
A pﬁ(T!lmPianou'wpoutaw) :§ p(Toutapout7$> + dT— Rg ln
T; T Pin
- ﬁdep(j—’ina ]Dina :B) (14)

1 Tc:(ut
wcomp(ﬂm Rm Pouta 33) = —p|:ﬁdep(Tguta POut7 CL') + / C{;G(.’,B)dT - ﬂdep(T‘in’ Pin’ $):|
ncom T
(15)

where S and H are the specific molar entropy and enthalpy of the vapor-phase water—-DME
mixture, ck* is the isobaric ideal gas molar specific heat capacity, and the superscript dep
denotes a thermodynamic departure function. FEntropy and enthalpy departure functions
SYN(T, P,a) and HYT, P, ) are determined using the PR EOS (Equations S19 and S20,
respectively).

5 Energy Consumption and Solvent Recovery

The performance envelope for hypersaline brine concentration using MWE can be analyzed
using the equilibrium liquid-liquid contactor and vapor compression solvent regenerator mod-
els (Section 4). The solvent-to-feed flow rate ratio (N=°lvent / Nfeed) can be adjusted to achieve

; ; S /brine ; __ pyproduct / arfeed
a specified brine salinity (m¢i°) or water recovery ratio (Ru,0 = N, /Nis0)- Increas-

ing Nsolvent / Nfeed Joqds to an increase in the water extracted from the feed stream before
LLE is reached, raising the salinity of the concentrated brine and increasing water recovery.
However, increasing the solvent-to-feed flow rate ratio also leads to an increase in solvent
flow through the vapor compression regeneration system. Required Nselvent / Nfeed patios are
calculated by numerically solving for target performance metrics while satisfying mass and
energy balance constraints using hybrj in scipy*' (Section S5).

Figure 5 shows the specific energy consumption (W = 3, mcomp/vg?)dm) for (a)
minimal- (MLD) and (b) zero-liquid discharge (ZLD) salinities for an MWE system com-
bining a two-equilibrium-stage liquid-liquid contactor with a two- (solid curves) and three-
equilibrium-stage (dashed curves) vapor compression solvent regenerator as a function of
feed salinity (mic¢,), minimum heat exchanger temperature difference (ATjy), and sys-
tem operating temperature (Tis). Concentrated solvent-free brine salinities (mj2h°) for the
MLD and ZLD scenarios are fixed at 4.0 molyaci kg™! and 5.5 moly.c kg™! (solubility of
NaCl in water saturated with DME at 298 K*°), respectively. Minimum heat exchanger
temperature difference (ATjy) is increased from 0 K (dark purple curves), which repre-
sents hypothetical case, to 4 K (light orange). Specific energy consumption is defined as

the total compressor power required (_; va‘zmp) divided by the volumetric flow rate of

. . duct . .
desalinated water produced (Viy,y""). The compressor power required in each vapor com-

pression stage i is I/Vii‘zmp = Ny, W™ and the volumetric flow rate of product water is
I}I’;‘)Od“t = N PrOd“Ctx%r;nggio, where the product stream is the liquid phase leaving the
final vapor compression stage. The system operating pressure (Pyy) is set to the saturation

pressure of pure DME at the operating temperature, P&, ocn, (Tsys), which is 462 kPa at
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290 K, to ensure that there is no vaporization outside the boiler in each vapor compression
stage. The solvent mole fraction in the product water is 0.05. Feed, brine, and product
correspond to streams 1, 2, and 5.n,. in Figure 1, respectively.

Figure 5 demonstrates that MWE can concentrate hypersaline brines (>
3.0 molyaci kg™t) up to ZLD salinities with a specific energy consumption (Wvol) of
under 50 kWh, m™3 per unit volume of desalinated water produced with a ATHEY of
2 K using a two-stage liquid-liquid contactor coupled with a two-stage vapor compression
system. Increasing feed salinity leads to a decrease in the amount of water in the organic

Water Recovery RatiBy,o = NE & “=Nfeed
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Figure 5: Specific energy consumption (Wi = 3, Wfomp/VIir%dUCt) required to concen-
trate brines to (a) minimal- (MLD) and (b) zero-liquid discharge (ZLD) salinities using
membraneless water extraction (MWE) as a function of feed salinity (mfd,) and mini-
mum heat exchanger temperature difference (AT}Y) for a two-stage liquid-liquid contac-
tor and a two- (solid curves) and three-equilibrium-stage (dashed) vapor compression sol-
vent regenerator. Minimum heat exchanger temperature difference (ATEY) is increased
from 0 K (dark purple curves) to 4 K (light orange). System operating temperature is
varied from 290 K (solid curves) to 300 K (light shading). We define MLD and ZLD
as concentrating brines to a solvent-free NaCl molality (m{vb;éﬁe) of 4.0 molyaci kg=! and
5.5 molyac1 kg™! (solubility of NaCl in water-DME mixtures), respectively. Water recovery
ratios (Ri,o = N /Nfeed = 1 — (mfed, /mi&ine)) required to reach the target brine

concentrations for a given feed salinity (md,) are indicated on the secondary axis.
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stream leaving the liquid-liquid contactor as DME is salted out of the aqueous phase at
LLE (Figure 3a). Consequently, energy consumption increases moderately with increasing
feed salinity as the amount of water extracted per unit molar flow of solvent through the
vapor compression system decreases. For example, a four-fold increase in the salinity of
the feed stream from 1.0 molyac) kg™! to 4.0 molyaci kg™t leads to a 16% increase in Wvol
from 47.8 kWh, m~ to 55.4 kWh, m~ to reach ZLD with AT = 2 K. The specified
concentrated brine salinity has a smaller impact on energy consumption because the
water-laden organic stream leaving the liquid-liquid contactor is in LLE with the aqueous
stream in the first rather than the last stage in the counterflow configuration. Going from
MLD to ZLD, or increasing mi?8® from 4.0 molyaci kg™! to 5.5 molyaci kg™!, leads to an
increase in Wy of only 1.3%.

The minimum heat exchanger temperature difference has a significant impact on the spe-
cific energy consumption of MWE. Operating at higher ATER values leads to lower boiler
temperatures (Thojer = Thys — AT ) and pressures in each vapor compression stage, increas-
ing the pressure ratios required to compress the DME-rich vapor to the fixed system operating
pressure during solvent regeneration. Given the VLE equilibrium behavior of water-DME
mixtures (Figure 3b, bubble-point curves), small reductions in boiler temperature lead to a
noticeable decrease in boiler pressure (Phoiler,i), Which is defined as the bubble-point pres-
sure of the liquid stream leaving vapor compression stage ¢ at Thoper. For example, when
concentrating brine from 1.0 moly,ci kg™ to ZLD at Tsys = 290 K, increasing ATmm from
2 K to 4 K leads to an increase in the vapor compression stage 1 and 2 pressure ratios from
Piys/Pooitern = 1.14 to 1.21 and from Piys/Phoiler,2 = 2.36 to 2.52, respectively. These in-
creases in Prys/ Pooilern a0d Pays/ Proiler,2 cause a 40% increase in Woo) from 47.8 kWh, m=3 to
66.9 kWh, m~3. In practice, lowering AT requires larger heat exchanger areas, resulting
in a trade-off between efficient operation, which minimizes energy costs, and smaller heat
exchangers, which reduce capital costs. Ultimately, a detailed technoeconomic system design
with equipment sizing for aqueous—organic—electrolyte separations is required to assess the
impact of ATy on the cost and areal footprint of MWE.

Increasing process temperature has an impact on both water extraction in the liquid-
liquid contactor and water—solvent separation in the vapor-compression regenerator. Higher
temperatures lead to increased water extraction into the DME-rich organic phase at LLE
(Figure 3a, organic-phase curves), reducing the amount of solvent required to achieve a
specified brine concentration. However, higher temperatures also lead to an increase in
vapor-phase water concentration at VLE (Figure 3b, dew-point curves), which increases the
amount of water in the recycled organic solvent entering the liquid-liquid contactor, reducing
the amount of water that can be extracted from the feed stream and increasing the required
Nsolvent / \rfeed  Consequently, when ATEE is small, increasing Ty leads to an increase in
Weo1. However, for ATHR > 4 K, the liquid-liquid contactor operates at the higher process
temperature, increasing Water extraction, while the boiler temperature is sufficiently lower
than the process temperature to prevent a large increase in the water content of the vapor
stream leaving each boiler stage.

Figure 6 shows (a) the specific energy consumption (W = 3, WP/ Vlgoodm) required
to concentrate a 1.0 molyacy kg™t brine to ZLD and solvent recovery ratio (Rcmp,ocHs =

recycle solvent : . product
Nemocn,/ Némocm,) as a function of product water solvent mole fraction (2¢y;ocy,) and

Electrically Powered High-Salinity Brine Separation Using Dimethyl Ether 20


https://doi.org/10.1021/acs.iecr.4c00517

A. Deshmukh, A. D. Wilson, & J. H. Lienhard 10.1021 /acs.iecr.4c00517

minimum heat exchanger temperature difference (ATHR) using MWE with two- (purple
diamonds), three- (green pentagons), and four-equilibrium-stage (orange hexagons) vapor
compression solvent regenerators and (b) the corresponding normalized boiler pressures
(P! = Pyoiler;i/ Psys) In each vapor compression stage for ATE® = 2 K. The solvent re-
covery ratio is defined as the flow rate of DME in the recycled solvent (Néeﬁzg%HS, stream 8
in Figure 1) divided by the required flow rate of DME in the solvent entering the liquid-liquid
contactor ( 'é"}llg%ltCHg, stream 10). The compressor pressure ratio for each vapor compression
stage is the reciprocal of the normalized boiler pressure (P"/ Piin = Piys/Pooiler;i). Feed,
brine, product, recycle, and solvent correspond to streams 1, 2, 5.ny., 8, and 10 in Figure 1,
respectively. The solvent-to-feed flow rate ratio required to reach ZLD brine salinities using
MWE with a two-equilibrium-stage liquid-liquid contactor and a multistage vapor compres-
sion solvent regenerator is shown in Figure S4 (Section S5).

Figure 6a highlights the importance of staging the vapor compression process to achieve
energy-efficient MWE, particularly when targeting ultralow product water solvent content

duct . . . ) i

(x‘ér§3g%H3 < 1073). The specific energy consumption per unit mole of product water is
_ \7 comp \7product ,.product T comp

W= (> Naa W) /N Tr,o » where Ny JV;°" is the compressor work for each

Tve —1

vapor compression stage i,.. To achieve low product water DME mole fractions, low fi-
nal stage boiler pressures are required (Figure 3b, bubble-point curves as :1:%20 — 1),

product sat

since xCH3OCH3 — 0 - Pboiler,nvc = P}L)\ib(Tboiler,nvca m5.nvc) — PHQO(Tboiler,nvc) and
Py < Péi,ocu, (Figure 3c, saturation-point curves). Consequently, large compression
ratios are required in the final stage, resulting in large compressor work requirement per
unit mole of vapor flow (W{*"?). Figure 6b shows that, while the final boiler pressure is
the same for a given product water DME mole fraction, additional intermediate stages lower
the compressor pressure ratios required for the bulk of solvent recovery. Optimized vapor
compression staging (Equation 13) reduces the molar flow rate through the final compressor,
with most of the recovered DME in the first stage, which operates at significantly lower

pressure ratios and just under the three-phase VLLE pressure (Pyrie/PSi,ocu, = 0-91 at
290 K for 2}, = 0). For a ATEY value of 2 K and a target 2 oo, of 1072, increasing

the number of vapor compression stages from two to three allows for a 24% reduction in Wl
ﬁ:om 70.3 kWh, m~3 to 53.6 kWh, m~3. Adding a fourth stage only yields a 6% reduction in
Wl to 50.4 kWh, m~3. However, when x%ﬁj&%Hg is reduced to 1074, increasing the number

of vapor compression stages from three to four provides a large 29% reduction in Wor from
94.9 kWh, m~3 to 67.0 kWh, m~3.

High solvent recovery ratios are critical for cost-effective MWE. Figure 6 demonstrates
that the MWE system designed can readily achieve solvent recovery ratios (Rcpsocn; =
N en, / Negvent 1) in excess of 0.998. Reducing 2 ooy, initially leads to a rapid increase
in Ropsocn, as the amount of DME lost in the product water is reduced. For x%rﬁgg%Hs <
1073, the majority of solvent loss occurs through the concentrated brine exiting the liquid-
liquid contactor, and thus reducing the DME content of the product water has minimal
impact on overall solvent recovery ratios (Section S5, Figure S5). In practice, auxiliary
solvent recovery processes, using adsorbents or membranes for example, will be required to
separate residual amounts of DME from the concentrated brine and product water. These
processes can leverage the high volatility, low polarity, or partial hydrophobicity of DME to
rapidly separate residual amounts from the concentrated brine.%
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Figure 6: (a) Specific energy consumption (W, = > Jeome s Vg;gd““, polygons, pri-
mary axis), solvent recovery ratio (Rcmsocn, = Néﬁgig%Hs /N B, arrows, secondary

axis), and (b) vapor compression stage boiler pressures required to concentrate a feed from
1.0 molyac kg™ to zero-liquid discharge (ZLD) salinity (5.5 molyac; kg™') using membrane-
less water extraction (MWE) as a function of product water solvent mole fraction (xgrﬁggél{g),
which is reduced from 107" (left) to 10~° (right), and minimum heat exchanger temperature
difference (ATPY) for a two-stage liquid-liquid contactor and a two- (purple diamonds),
three- (green pentagons) and four-equilibrium-stage (orange hexagons) vapor compression
solvent regenerator. Minimum heat exchanger temperature difference (ATHY) is increased
from 0 K (darker symbols) to 4 K (lighter symbols). System operating temperature is fixed
at 290 K. (b) Boiler pressure for each vapor compression stage (F;) is normalized by system
operating pressure (Piy): P/ = P;/Py,. Normalized pressures are shown for the first (hori-
zontal bars), intermediate (P!, circles), and last vapor compression stages (P}, polygons)

int>» .
for two-, three-, and four-stage solvent regenerators with ATy =2 K.
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6 Conclusions

Concentrating hypersaline brines to zero-liquid discharge (ZLD) salinities is essential for brine
valorization and resource recovery. Membraneless water extraction (MWE) using dimethyl
ether (DME) can separate water from high-salinity brines (e.g., double the salinity of sea-
water salinity) by combining a liquid-liquid contactor with an electrically powered solvent
regeneration process. In MWE, water—salt separation occurs at a liquid-liquid interface,
mitigating the deleterious impact of inorganic scale formation on vulnerable membrane or
heat transfer surfaces in existing brine concentration processes. In this study, we develop
a new MWE system, coupling liquid-liquid extraction with vapor compression for solvent
regeneration, using thermodynamic models to analyze its performance for hypersaline brine
concentration for the first time. The MWE uses a vapor-compression solvent regenerator
with an integrated boiler—condenser to enable effective heat recovery and energy-efficient
brine concentration.

Equilibrium models for the liquid-liquid contactor and vapor compression solvent re-
covery system are built using fluid phase equilibrium calculations for water-DME-sodium
chloride (NaCl) mixtures based on a combination of the electrolyte nonrandom two-liquid
(eNRTL) excess Gibbs free energy model (G) and the Peng-Robinson equation of state
(EOS). Binary eNRTL interaction parameters for mixtures of water and DME; water and
NaCl; and DME and NaCl are estimated using an error-in-variables approach with existing
data. Fluid phase equilibrium calculations are then used to determine phase compositions,
temperatures, and pressures in water-DME-NaCl mixtures at liquid-liquid (LLE), vapor-
liquid (VLE), and vapor-liquid-liquid equilibrium (VLLE). The G*~EOS models are then
integrated into a computational framework for a multistage counterflow liquid-liquid contac-
tor and vapor compression solvent regenerator, which combines isofugacity constraints with
mass and energy balances to quantify and optimize the performance of MWE.

The thermodynamic model developed demonstrates that MWE using DME has the po-
tential to concentrate hypersaline brines to ZLD salinities with a specific energy consumption
of less than 50 kWh, m™3 per unit volume of desalinated water extracted using two liquid-
liquid contactor and vapor compression stages. The preceding analysis highlights how the
liquid-liquid separation and vapor compression solvent regeneration processes can be staged
to lower energy consumption, particularly when targeting high extracted water purities. We
show that MWE using electrically powered multistage vapor compression for solvent recov-
ery can concentrate seawater desalination brine (approximately 1.0 molyaci kg™!) to ZLD
(5.5 molnacr kg™! in water-DME mixtures), while achieving a solvent recovery ratio greater
than 0.999 and a product water DME mole fraction of less than 1073, Our analysis highlights
the importance of heat exchanger design for efficient heat recovery during solvent regenera-
tion. Furthermore, we demonstrate that MWE can treat a remarkably broad range of feed
salinities from 1.0 to 5.0 moly.c) kg™! without a prohibitively large negative impact on en-
ergy consumption (< 25%). The thermodynamic framework built in this work quantifies
the energy consumption of MWE for the first time, and the methodology developed can
be extended to a wider range of solvents and electrolytes for brine valorization and metals
recovery.
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Nomenclature

Roman Letters:

a
a;

b
b,
B
B,

2

Cp,i

QGX

o

[0

SREE

Nanion
Ncation
N;
Nion
N

Na

P

Ty

Rg
R;
T

uij

(J m® kmol~?)
(J m3 kmol~?)

(J kmol™* K1)
(J kmol ™)

(kmol)

(kmol s71)
(kmol ™)

(Pa)

(J kmol™* K1)

(K)
(K)

Peng-Robinson molecular interaction parameter for a mixture
Peng-Robinson molecular interaction parameter for species ¢
Normalized Peng-Robinson molecular interaction parameter for
a mixture: A = aP/R;T?

Normalized Peng-Robinson molecular interaction parameter for
species i: A; = a;P/R}T?

Debye-Hiickel parameter

Peng-Robinson mixture volume parameter for a mixture
Peng-Robinson volume parameter for species ¢

Normalized Peng-Robinson mixture volume parameter for a mix-
ture: B =b0P/R,T

Normalized Peng-Robinson volume parameter for species i: B; =
b;P/R,T

Isobaric specific heat capacity of species ¢ per unit mole

Excess molar Gibbs free energy

Ionic strength of a mixture on a mole fraction basis

Fused salt reference state ionic strength of a mixture on a mole
fraction basis

Molality of solute species ¢

Molality of solute species i (solvent-free basis)

Molar mass of species @

Mass flow rate of species ¢

Number of equilibrium stages in the liquid-liquid separation pro-
cess

Number of vapor compression stages in the solvent regeneration
system

Number of experimental measurements for property type i
Total number of anionic species

Total number of cationic species

Number of moles of species ¢

Total number of ionic species

molar flow rate of species 7 in stream j

Avogadro constant

Pressure

Pitzer-Debye-Hiickel closest approach parameter

Universal gas constant

Recovery ratio of species ¢

Temperature

Short-range electrolyte nonrandom two-liquid model interaction
parameter between species pair ¢ and j
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14 (m?® kmol ™)
V' (m? kmol™?)

w;

w/

‘/Vicomp (W)

WP (J kmol ™)

W (J kmol™?)

Wvol (J Hl_3)

W™ (J kmol )

Greek Letters:

Vi
€0 (Fm™1)

€;
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First-order expansion of short-range electrolyte nonrandom two-
liquid model interaction parameter between species pair ¢ and j
in temperature

Molar volume of a mixture

Molar volume of a mixture calculated on a electrolyte-free basis
Mass fraction of species 7

Mass fraction of species i calculated on a electrolyte-free basis
Rate of compression work in vapor compression stage ¢

Specific compression work per unit mole of vapor flow in vapor
compression stage ¢

Specific energy consumption per unit mole of desalinated water
produced

Specific energy consumption per unit volume of desalinated water
produced

Total compression work per unit mole of vapor compressed
Mole fraction of species ¢

Mole fraction of species i (electrolyte-free basis)

Product of mole fraction and charge number of species ¢

Mole fraction vector for aqueous, organic, or vapor phase or
stream j

Charge number of species @

Compressibility factor

Activity coefficient of species i

Vacuum permittivity

Relative permittivity of molecular species i

Relative permittivity of a mixture calculated on a electrolyte-free
basis

Inverse Debye length

Vector of electrolyte nonrandom two-liquid model interaction pa-
rameters for regression step ¢

Vector of DME mole fraction in the liquid phase exiting each
vapor compression stage

Mass density of species ¢

Standard deviations of experimental uncertainties for measure-
ment k£ or in estimated parameter k

Electrolyte nonrandom two-liquid model interaction parameter
between species pair ¢ and j

Fugacity coefficient of species ¢ in phase j

Osmotic coefficient of solvent species @

Experimental variable deviation vector for error-in-variables non-
linear regression step ¢

Charge number of species %
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Superscripts and Subscripts:
aq Aqueous phase or stream
dep  Thermodynamic departure function

est  Estimated parameter value during error-in-variables regression

ex Thermodynamic excess property

exp  Experimentally measured value

liq Liquid phase or stream

LR  Long-range

mod Model calculated value

org  Organic phase or stream

sat  Saturation temperature, pressure, or fugacity coefficient
sol Solvent mixture properties

SR Short-range

vap  Vapor phase or stream

Abbreviations:
DME
eNRTL
EOS
LLC
LLE
MAE
MLD
MWE
NRTL
PR

VC
VLE
VLLE
ZLD

Dimethyl ether

Electrolyte nonrandom two-liquid model
Equation of state

Liquid-liquid contactor
Liquid-liquid equilibrium

Mean absolute error
Minimal-liquid discharge
Membraneless water extraction
Nonrandom two-liquid model
Peng—Robinson (equation of state)
Vapor compression

Vapor-liquid equilibrium
Vapor-liquid-liquid equilibrium
Zero-liquid discharge
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S1 Liquid-Phase Activity Coefficient Model

The short-range components of the activity coefficients for neutral molecules, cations, and anions in the
eNRTL G** model (Equation 1) can be expressed as [1-3]

nyS® _ Ziemeadishi v e (o LkemeaVk8k)
rem ZjEmcayigji icm ZkEmcaykgkj Y ZkEmcaykgkj
J

o Vigij Yiem aykgk] Y& _— Zke;n,cykg;cj (S1)
Zkem aYk8kj an ZkEm c Yk8kj Y ZkEm,cykgkj

+
ZkEm a Yk8kj

jEc

iln’)/-SR Z Y& ZkEmcaykng Z]emaylg]l
|Zi| ee jem ZkEmcaykgkj ZkEmcaykgkj Z}Em aYi8ji
+  Yi&ij Zkemc))kgk] (S2)
jea ZkEm c Yk8kj Zkem c Yk8kj
Llny-SR _ Z Y& ZkEmcaykng Z]Em(,‘ylgjl
‘Zi| rea jem ZkEmcaykgkj ZkEmcaykgkj Z}Em cYi8ji
igii Ykema Yk
+ Yi8ij T — €m,a kj (53)
jec ZkEm,aykgkj Zk€m7aykgkj

where g/ ;= Tij&ij = Tij exp(—a;;7;); and m, c, and a are the species indices of neutral molecules, cations,
and anions, respectively. The parameters «;; and 7;; are the symmetric nonrandomness factor and the non-
symmetric normalized binary interaction parameter for interactions between species i and j, respectively.
For a single electrolyte mixture comprising a cation M* and an anion X~ with oM+ = O+ = O x- =
ox- ;= Qimx and g v+ = gm+ ;i = &ix- = &x-,i = & Mx (Vi € m). Similarly, the long-range components of
the activity coefficients for neutral molecules, cations, and anions in the eNRTL G** model (Equation 2) can

be expressed as [1-3]

3
2A 17
InyR = — ¥ (S4)
1+ ryl?
1 1 3 1 1
227 | 1+ryl? 2420 2LIY [ 14ryl?
Iy, = Ay | i [ ST ) SRS S SR (s5)
Ty 1+ ryl?2 Ltryly  14+ryl? \ 1+ryl)?

G** and EOS models used in this study are coded in Python using the thermo package [4].

The short-range interaction parameter (7;;) is typically expressed as the binary interaction energy between
species i and j normalized by R,T giving 7;; = u;;/T, where the universal gas constant is absorbed into
the binary interaction parameter u;;. For species pairs where experimental data are available over a wide
temperature range, the normalized binary interaction energy parameter is usually expanded as a function
of temperature giving 7;; = (u;; 4+ v;;T)/T. The short-range binary interaction parameters for the eNRTL
G model are estimated using Equations 6, 7, and 8 (Section 2.3) are shown in Table S1. The fluid phase

equilibrium data required to estimate DME-NaCl parameters are only available at a single temperature, and
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therefore the binary interaction energy is not expanded as a function of temperature (v;; = 0 and v;; = 0 for
i: CH30CHj3 and j: NaCl). In this study, the numerical value of u;; was rescaled by a constant factor of
300 K during parameter estimation (u§ ;= Uij /300 K) to ensure that u§ j and v;; were of the same order of
magnitude during the global optimization process. Nonrandomness parameters (¢;;) are fixed at 0.30 and
0.20 for molecule-molecule and molecule—salt interactions, respectively, in line with existing eNRTL model
literature [2, 3]. Normalized binary interaction energy parameters for water-DME (7;; = 1.55 and 7;; = 1.63
where i: H,O and j: CH3OCHj3 at 300 K) are approximately equal to values previously reported in Holldorff
and Knapp [5]. Similarly, water-NaCl interaction parameters (7;; = 8.97 and 7;; = —4.59 where i: H,O and
J: NaCl at 300 K) are approximately equal to values previously reported in Bollas et al. [2] and Song and
Chen [3].

Table S1: Maximum likelihood estimators for electrolyte nonrandom two liquid (eNRTL) interaction param-
eters in water—dimethyl ether (DME)—sodium chloride (NaCl) mixtures.

Component Species Nonrandomness Interaction Parameters
Parameter
i j 0 7 ; u;i Vij Viji
H,0 CH;OCHj; 0.30 —2.286 2.695 3.836 —1.066
H,0 NaCl 0.20 —0.969 0.296 9.936 —4.882
CH;OCH;  NaCl 0.20 9.271 6.999 0.000 0.000

To ensure that the global-local optimization routines described in Section 2.3 sampled the parameter space
effectively and to verify convergence, nonlinear regression used for parameter estimation (Equations 6, 7,
and 8) was repeated Nype = 50 times. Table S2 lists the standard deviation in the estimated eNRTL interaction
parameters i, ;= Uij /300 K) and v;;. Figure S1 shows the deviation between the estimated normalized binary
interaction parameter at 300 K (7;; = u Vi ;) and its optimal value (rl-*j) over the Nope = 50 times that the
global-local optimization routines were executed to estimate interaction parameters for water-DME (6¢
in Equation 6), water-NaCl (¢ > in Equation 7), and DME-NaCl (8¢ 3 in Equation 8) component pairs. In
the EIV nonlinear regression approach, 29 temperature values (w; in Equation 6); 182 osmotic coefficient,
mean ion activity coefficient, molality, and temperature values (w, in Equation 7); and 16 temperature and
electrolyte mole fraction values (w3 in Equation 8) are estimated along with the respective eNRTL interaction
parameters. Consequently, each execution of the global-local nonlinear regression routines does not yield

identical parameter estimates, however, as Figure S1 highlights, the variation in 7;; — ri*j is small.
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Table S2: Standard deviation in maximum likelihood estimators for electrolyte nonrandom two liquid (eN-
RTL) interaction parameters in water—-DME-NaCl mixtures after 50 runs of the global-local optimization
routine.

Component Species Standard Deviation in Estimated Interaction Parameters
i ] Gufj Gu;-i Oy, j Oy i
H,O CH;OCH3 1.4x 1074 1.5x10~* 1.5x 1074 1.5x 1074
H,O NaCl 1.7 %1072 58x1073 1.7 %1072 59%x1073
CH;0OCH; NaCl 3.2x1073 5.7x 1073 - -
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OGP

g) % Figure S1: Deviation in the estimated normalized bi-
nary interaction parameter and relative to its optimal
value(T;; — ’L’i*j) for the electrolyte nonrandom two lig-
uid (eNRTL) G** model calculated for Nop execu-
tions of the global-local optimization nonlinear re-
gression routine for (a) HyO-CH3OCH3 (Equation 6),
(b) HO-NaCl (Equation 7), and (c) CH3OCH3-NaCl
interactions (Equation 8). Values of 7;; are calculated
using the maximum likelihood estimators for the pa-
rameters u;; and v;; at T = 300 K (Table S1).

B
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S2 Degrees of Freedom in Fluid Phase Equilibrium Calculations

Modeling fluid phase equilibria in highly nonideal aqueous—organic—electrolyte mixtures is challenging be-
cause of the range of possible phase splits combined with the presence of salts, and accompanying elec-
troneutrality constraints, in each of the liquid phases. In the temperature-pressure-composition range studied
in this work, there are three fluid phases: (1) aqueous liquid, (2) organic liquid, and (3) vapor; and seven
phase splits (Figure S2): (1) aqueous liquid only, (2) organic liquid only, and (3) vapor only, (4) aqueous and
organic liquids at LLE, (5) aqueous liquid and vapor at VLE, (6) organic liquid and vapor at VLE, and (7)
aqueous liquid, organic liquid, and vapor at VLLE.

() (b)

Figure S2: Schematic fluid phase equilibrium diagrams for water-DME mixtures highlighting the seven
phase splits as a function of overall mixture composition and (a) pressure at constant temperature and (b)
temperature at constant pressure. At low pressure and high temperature, the water—DME mixture exists as
a single vapor phase across the composition space. Increasing pressure or reducing temperature through the
composition-dependent dew point phase boundary leads to the formation of vapor-liquid equilibrium, with
the vapor phase in equilibrium with either an aqueous phase (high overall water composition), an organic
phase (low overall water composition), or both aqueous and organic liquid phases (intermediate overall
water composition). Further increasing pressure or reducing temperature through the composition-dependent
bubble point phase boundary (or three-phase vapor-liquid-liquid equilibrium point) leads to the formation
of either an aqueous phase, an organic phase, or both aqueous and organic liquid phases at liquid-liquid
equilibrium.

Table S3 lists the degrees of freedom in liquid-liquid, vapor-liquid, and vapor-liquid-liquid fluid phase equi-
librium calculations for water—-DME and water—DME-NaCl mixtures. The equilibrium (red squares) and
electroneutrality (blue circles) constraints for liquid-liquid, vapor-liquid, and vapor-liquid-liquid equilibrium

calculations for water-DME—-NaCl mixtures are shown in Figure S3.
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Table S3: Degrees of freedom in liquid-liquid, vapor-liquid, and vapor-liquid-liquid fluid phase equilibrium
calculations for water—DME and water—DME—-NaCl mixtures.

Fluid Phase Equilibrium Mixture Degrees of Freedom

H,;O0-CH30OCHj3 H,0-CH3;OCH3-NaCl

Liquid-Liquid 2
Vapor-Liquid 2
Vapor-Liquid-Liquid 1
Liquid-Liquid Vapor-Liquid Vapor-Liquid-Liquid Equilibirum
Organic Liquid Phase Vapor Phase Vapor Phase

con| e® | o
—i11 H 1

@9%@ @%i @9%@ @%i
O O O O O O O O

Aqueous Liquid Phase Liquid Phase Aqueous Liquid Phase | Organic Liquid Phase

Equilibrium Constraint (s Electroneutrality Constraint Q0O

Figure S3: Schematic diagram outlining the equilibrium (red squares) and electroneutrality (blue circles)
constraints in fluid phase equilibrium calculations for aqueous—organic—electrolyte mixtures. Nonvolatile
electrolytes are present in both the aqueous and organic liquid phases, but are not present in the vapor phase.
For mixtures at liquid-liquid and vapor-liquid-liquid equilibrium and in the absence of an electric field, the
symmetric mean ion activity of each salt in the aqueous and organic liquid phases is equal.
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S3 Liquid-Liquid Contactor Model

Optimal liquid-liquid contactor design depends on both the chemical and physical properties of the water-rich
aqueous and DME-rich organic phases and on the interfacial tension and interphase mass transfer kinetics
between the two liquid phases. Strategic liquid-liquid contactor design and operation is essential to simulta-
neously maximize interphase contact and mixing for rapid water extraction while ensuring adequate phase
separation and minimizing the risk of forming emulsions [6, 7]. For a given contactor configuration, the re-
lationship between the number of actual and equilibrium stages required depends on the physical properties
of the biphasic mixture. Key properties include the density difference and interfacial tension between the
aqueous and organic phases and the dynamic viscosity of each phase [8§-10]. The exact density difference
between the aqueous and organic phases of a water-DME mixture at LLE depends on its phase composi-
tion and excess volume. The density of DME (670 kg m~3 at 293.15 K [8]) is approximately 33% lower
than that of pure water (998 kg m~3 at 293.15 K [11]). The dynamic viscosity of pure DME (0.129 mPa s at
298 K [12]) is significantly lower than that of pure water (0.854 mPa s at 300 K [6]) and is more than an order
of magnitude smaller than other larger solvents proposed for membraneless water extraction (e.g., decanoic
acid has a viscosity of 4.75 mPa s at 322 K, 46 times higher than that of DME at the same temperature [13,
14]).

In this study, we model the liquid-liquid contactor as a series of equilibrium stages. For a steady-state liquid-
liquid contactor, the net accumulation of each neutral molecule, cation, and anion at each equilibrium stage

ijc 1s 0, giving

Nid N5 = N+ N E (S6)

N 1K1 H20+Nz(;ig+1 o110 = N 0 + Naf Sh,0 (S7)
Nzg—leE—l,CHmcm + N xS crsocH; = N Xi CH,0CH; "‘Ni(l)ligxzfcmocm (S8)
N i nar T Nt Nat = N Nae VX S (59)

Vi1 ¥ 1c T Nac o = N o TN S (510)

where Ni(njC ) is the molar flow rate of the aqueous or organic stream j leaving stage ijj.. Streams are labeled us-

ing the leaving-streams labeling convention. Only three of Equations S6-S10 are independent as Equation S6
is the sum of Equations S7-S10 and Equations S9 and S10 are not independent due to the electroneutral-

() ). Equations S7 and S8 can be used to write

ine,Cl™
expressions for stage-wise water and DME conservation (£;,. H,0 = Nl.?lq_l ?1?_] H,0 —i—Nlo11 r‘i] lollrg+1 H,0 —
! C C C

--aq_aq org_org . _ xraq aq org  org -;aq _aq .
neXine 1,0 ~ Ning Xm0 and Qi cnsocn; = Nyl 1501 epocn, Vi 1o n.croct; — N croc,

:/0rg _org .
e Xiye.CH5OCH; > respectively).

ity constraint in each stream at each stage (xg{ )N at =X

Using Equations 9 and 10, the LLE constraint at each stage i gives

q aq \ .aq .o org | _org
Y:izoinc (T’ Lie ) *H0.i1e = MH,0.ic (T’ Lie )tzofinc

q aq '\ .aq . org org\ _org
Tehs 0CH i, (T> willc)xCH30CH3~,illc = YCH,0CHs i (T Tie )xCHa()CH%lllc (1D
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q aq \ _aq org \ _org
yi,NaCl,iuc (T, millc>xi,NaCl,ilk Yi NaCl,ije (T’ xiuc) X4 NaClie

aq

where x;; ~and }/la ?“C are the mole fraction and activity coefficient, respectively, of species i in the liquid

phase j stream leaving stage ij.. For a counterflow liquid-liquid contactor with ny. stages, the aqueous or
brine stream entering stage 1 (N9, xquZO, xSqDME, and xgqNaCl) and the organic or solvent stream entering
stage nyc (N2 . +1, f”rf +1H0 gﬁf +1.pme» and xnllc +1.Nac1) are typically predefined. The molar flow rates and
NaCl concentrations of the aqueous streams leaving each of the ny. stages, N3 = [Nf‘q,N S Nnuc] and
TNnl = | ¥NGCL L FNaCL27 ,xi?aCLnnc], respectively, can be determined by simultaneously solving the net

molar flow rate balance for water and DME at each stage:

‘7aq aq_aq org org aq_aq org org
N, No xOHO+N X2 H,0 Nl ero N *1,H,0
:7aq aq_aq org org aq_aq org _org
N, N0 N5 G 1m0 — Ny X 0 = Ny X 1,0
:7aq ;aq _aq org org aq _aq __ xjorg_org
E] anlc o ]vnflxnfl JH,O +N n+1 n11c+1 H,O anlcxnnc,HzO n xnuc,Hzo
. —
aq org _org aq __ pjorg_org
*NaCl,1 N xo CH;OCH; T Ny®x; .CH;OCH; N 1 X1 cHs0cH; —NiX) cHsocH,
aq org _org :7aq _aq org _org
*NaCl,2 Nyt 1 xl,CH3OCH3 +N X3 cHy0cH; — N2 X2 cHy0CH; N X2 CH;0CH;
aq :7aq aq :/0rg org aq :/0rg _org
| *NaCl,ny | _Nnncflxnncfl,CH3OCH3 +Nn]]C+1xn]]C+l,CH3OCH3 - N"llcxn"C,CH3OCH3 — N 1136, CH;0CH; |

(S812)
where Fjj : R?1e — R?Me js a vector of the net molar accumulation functions for of water and DME at
each stage. Equation S12 (FHC([N aq :cNaCl]) = 0) is solved to determine [N aq,mfa\?acd using hybrj in
scipy [15, 16], incorporating the overall molar flow rate balance (Equation S6) and equilibrium constraints
(Equation S11) at each stage.
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S4 Isentropic Compression Calculations for Nonideal Gases

Entropy (A“°™PS(Tin, P, Tout, Pout)) and enthalpy (A“°™PH (T, P, Tout, Pout)) change during the compression
of a real gas or a mixture of real gases from temperature 7;, and pressure Py, to Ty, and Poye can be expressed
as [17]

A S( Ty, Py, Tout, Pout) = SUP (Tout, Pout) +A™ S (Thn, Py, Tout, Pout) — S%P(Tin, Pry) (S13)
AP H (T, Py, Touts Pout) = HYP (Tou, Pout) + A H'S (T3, Py, Tout, Pout) — H*P (Tin, Py (S14)

where AcomPQIG(Tin, P, Tout, Pout) and A°™P H G (Tin, P, Tout, Pout) Tepresents the entropy and enthalpy change

during the compression of an ideal gas or an ideal mixture of ideal gases from T, and P, to oy and Poy;.

The ideal gas entropy and enthalpy change during the compression are given by [18]

comp ¢IG Tou C%>G P out
A S (TinaPimTouwPout) = / e dT—Rgln (S15)
L T Py
Tout
A©™PH'S (Tin, P, Tout, Powt) = / cdT (S16)
T;

where c{,G = Zixic{,f}i is the isobaric molar ideal gas heat capacity of the mixture, which is given by the mole
fraction weighted sum of the isobaric molar ideal gas heat capacity of each species 7 in the mixture (c%,c’i). In
this work, c{,(?Hzo and C{SCH3OCH3 are calculated using semi-empirical correlations from the Design Institute
for Physical Properties (DIPPR) database [6].

Departure functions for entropy and enthalpy at a specified temperature T and pressure P (S%P(T, P) and

HYP (T, P), respectively) are given by [18]

Z:K<T7P)
8%P(T,P) = S(T,P) — S'(T, P) :/ [<8P> _ % dV +Rg1n (;‘;) (S17)
|4

PV —R, T 1
. - dV +PV —R, (S18)

T P =Hr )BT = [ [T(ap) P
v

where Z = PV /R, T is the compressibility factor and B = Pb/R,T. For a gas or mixture of gases that can be
modeled by the Peng-Robinson EOS, $%P(T, P) and HYP(T, P) can be written as [18, 19]

de Z+(1+Vv2)B

w:m@_BHL <TdA+2A>ln M (S19)
R, 2V2B\ dT z+(1-v2)B

H(TP) _, oy 1 <TdA—|— )m 210 2)p (520)
R,T 228\ dT z+(1-v2)B

The computational code for EOS models used in this study is built in Python using the thermo package [4].
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S5 Solvent Flow Rate Calculations

Figure S4 shows the solvent (stream 10 in Figure 1) to feed (stream 1 in Figure 1) molar flow rate ra-
tio (Vsolvent /Nfeed - holygons) required to concentrate a saline feed to zero-liquid discharge (ZLD) salinity
(5.5 molnacy kg_1 calculated on a electrolyte-free basis) using membraneless water extraction (MWE) as
a function of product water solvent mole fraction (x(icy,)» Which is reduced from 107! (left) to 1073
(right), and inlet feed salinity (mf\?gg]) for a two-stage liquid-liquid contactor and a two- (purple diamonds),
three- (green pentagons) and four-equilibrium-stage (orange hexagons) vapor compression solvent regener-

ator. Feed, brine, product, recycle, and solvent correspond to streams 1, 2, 5.ny, 8, and 10 in Figure 1.

For a fixed concentrated brine salinity (mﬁ’;g‘le, stream 2 in Figure 1) the required solvent-to-feed molar flow

rate ratio decreases with increasing feed salinity (mlf\?ggl, stream 1 in Figure 1) as the required water recovery

__ pyproduct ;xsfeed _ feed /brine .
decreases (Ru,0 = Ny, /N0 = 1 — (myac1/myact ). To lower the product water solvent mole fraction
product . . . . . .
(XchyocH,)» the boiler-side pressure in the last vapor compression stages must be reduced. This reduction
in Byoiler,n,. (and corresponding reductions in Pyoiler,ny.—1, - - - s Phoiler,1) l€ads to increased water vaporization,

driving an increase in the amount of water in the solvent recycle (stream 8) and the solvent entering the

liquid-liquid contactor (stream 10) (Figure S4b). This increase in xﬁ’zl(vfm reduces the water extracted for a

given solvent-to-feed molar flow rate, leading to an increase in the required N™¥°' /N ratio and, ultimately,

specific energy consumption (Section 5).

Figure S5 shows the solvent loss in (a) liquid-liquid contactor (Ngr}iﬂ%cm /Né‘}gg‘ém) and (b) vapor com-

jproduct vextract 1y for a MWE system that concentrates a saline feed to
CH;0CH;//YCH;0CH; y

zero-liquid discharge (ZLD) salinity (m{\?;icnle = 5.5 molnact kg™!) as a function of product water solvent

. duct . .. C . ..
mole fraction (X2 e and inlet feed salinity (mf¢d,). Product water solvent mole fraction is increased
CH;OCH; Y UnNac

pression solvent regenerator (

from 10! (left) to 107 (right) with inlet feed salinity increasing from 1.0 moly,c; kg ! (purple diamonds),
2.0 molnacy kg{1 (green pentagons), and 3.0 moln,cy kg*1 (orange hexagons). Solvent loss in the liquid-
liquid contactor (Figure S5a) is defined as the fraction of DME entering the njj.-stage contactor (stream 10 in
Figure 1, Né‘ﬁ:g‘ém = N10X10,0H30CH3) that is lost to the brine stream (stream 2, Ngr}ig%cm = N2x27CH3OCH3)-
Similarly, solvent loss in the vapor compression solvent regenerator (Figure S5b) is defined as the fraction

of DME entering the n,.-stage regenerator (stream 3, Né’ﬁ?gtcm = N3X37CH3OCH3) that is lost to the product

water stream (stream 5.7, 'Cpr}(f;igcctm = N5~nvcx5_nVC’CH3OCH3). Brine, solvent with extracted water (extract),
product, recycle, and solvent correspond to streams 2, 3, 5.1y, 8, and 10 in Figure 1. The solvent recovery
ratio Rcu,ocH,» Which is discussed in Section 5 and plotted in Figure 6, can be expressed as a function of the

two solvent loss fractions where

Nrecycle " 7brine . rproduct
R _ Nemocn; _ [ _ Newsocn, CH;0CH; S21)
CH;0CH3 = “solvent - \7solvent \7extract
CH;O0CHj CH;OCH; CH;OCHj

\7brine _
N, CH30CH; —

\/solvent \extract yproduct —_ yrextract recycle ; ; ;
cmocH; — Nensocn, and New,ocn, = Nénsocn, — Newiocn, > respectively, during steady-state operation.

noting that mole balances on DME in the liquid-liquid contactor and solvent regenerator give
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Figure S4: (a) Solvent recycle (stream 10) to feed (stream 1) molar flow rate ratio (Nsolvent /Nfeed, poly-
gons) required to concentrate a saline feed stream to zero-liquid discharge (ZLD) salinity (m{\?fcnle =
5.5 molnact kg~!) using membraneless water extraction (MWE) as a function of product water solvent
mole fraction (xgrﬁgg%m), which is reduced from 107! (left) to 107> (right), and inlet feed salinity (m}c\?ggl)
for a two-stage liquid-liquid contactor and a two- (purple diamonds), three- (green pentagons) and four-
equilibrium-stage (orange hexagons) vapor compression solvent regenerator. Inlet feed salinity is increased
from 1.0 moly,ci kg~! (darker symbols) to 4.0 moly,ci kg~! (lighter symbols). System operating tempera-
ture and minimum heat exchanger temperature difference (AT%?) are fixed at 290 K and 2 K, respectively,
throughout. (b) Water mole fraction in the solvent recycle (xileéem) for two-, three-, and four-stage solvent

: product feed ; : -1
regenerators as a function of xcy oy, for my,c, increasing from 1.0 to 4.0 mol kg™ .
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Figure S5: Solvent loss in the (a) liquid-liquid contactor (Ngi{l;%cm /NE"}K%‘&H}) and (b) vapor com-

: \7product \7extracted : : feed __
pression solvent regenerator (Ncy,ocy, /NCH3OCH3) when concentrating the saline feed from mg;c, =

1.0 molnaci kg_] (purple diamonds), 2.0 moly,cy kg_] (green pentagons), and 3.0 molnycy kg_1 (orange
hexagons), to zero-liquid discharge (ZLD) salinity (m{\'j’;gf = 5.5 molnac1 kg~ ') using membraneless water

extraction (MWE) as a function of product water solvent mole fraction (xgrﬁfgcém), which is reduced from

107! (left) to 107 (right). The MWE system modeled comprises a two-equilibrium-stage liquid-liquid con-
tactor and a three-stage vapor compression solvent regenerator. System operating temperature and minimum

min

heat exchanger temperature difference (AT [y ) are fixed at 290 K and 2 K, respectively, throughout.

Electrically Powered High-Salinity Brine Separation using Dimethyl Ether S12



A. Deshmukh, A. D. Wilson, & J. H. Lienhard March 2024

References

D

2

3)

“)

&)

(6)

(N

(®)

€))

10)

an

(12)

(13)

(14)

15)

(16)

a7

(18)

(19)

Chen, C.-C.; Britt, H. L.; Boston, J. F.; Evans, L. B. Local Composition Model for Excess Gibbs
Energy of Electrolyte Systems. AIChE Journal 1982, 28, 588-596.

Bollas, G. M.; Chen, C.-C.; Barton, P. I. Refined Electrolyte-NRTL Model: Activity Coefficient Ex-
pressions for Application to Multi-Electrolyte Systems. AIChE Journal 2008, 54, 1608—1624.

Song, Y.; Chen, C. C. Symmetric Electrolyte Non-Random Two-Liquid Activity Coefficient Model.
Industrial and Engineering Chemistry Research 2009, 48, 7788-7797.

Bell, C.; Contributors Thermo: Thermodynamics and Phase Equilibrium Component of Chemical
Engineering Design Library (ChEDL), https://github.com/CalebBell/thermo, (accessed 01/10/2023).

Holldorff, H.; Knapp, H. Binary Vapor-Liquid-Liquid Equilibrium of Dimethyl Ether - Water and
Mutual Solubilities of Methyl Chloride and Water: Experimental Results and Data Reduction. Fluid
Phase Equilibria 1988, 44, 195-209.

Green, D. W.; Southard, M. Z., Perry’s Chemical Engineers’ Handbook; McGraw Hill: New York,
NY, 2019.

Mayfield, F. D.; Church, W. L. Liquid-Liquid Extractor Design. Industrial & Engineering Chemistry
1952, 44, 2253-2260.

Bobbo, S.; Scattolini, M.; Fedele, L.; Camporese, R.; De Stefani, V. Compressed Liquid Densities
and Saturated Liquid Densities of Dimethyl Ether (RE170). Journal of Chemical & Engineering Data
2005, 50, 1667-1671.

Wu, J.; Liu, Z.; Wang, F.; Ren, C. Surface Tension of Dimethyl Ether from (213 to 368) K. Journal of
Chemical & Engineering Data 2003, 48, 1571-1573.

Wu, J.; Liu, Z.; Bi, S.; Meng, X. Viscosity of Saturated Liquid Dimethyl Ether from (227 to 343) K.
Journal of Chemical & Engineering Data 2003, 48, 426-429.

Bell, I. H.; Wronski, J.; Quoilin, S.; Lemort, V. Pure and Pseudo-pure Fluid Thermophysical Property
Evaluation and the Open-Source Thermophysical Property Library CoolProp. Industrial and Engi-
neering Chemistry Research 2014, 53, 2498-2508, (accessed 08/04/2020).

Meng, X.; Zhang, J.; Wu, J.; Liu, Z. Experimental Measurement and Modeling of the Viscosity of
Dimethyl Ether. Journal of Chemical & Engineering Data 2012, 57, 988-993.

Bajpayee, A. Directional Solvent Extraction Desalination, Ph.D. Thesis, Cambridge, MA: Massachusetts
Institute of Technology, 2012.

Wang, X.; Sun, T.; Teja, A. S. Density, Viscosity, and Thermal Conductivity of Eight Carboxylic
Acids from (290.3 to 473.4) K. Journal of Chemical & Engineering Data 2016, 61, 2651-2658.

Virtanen, P. et al. SciPy 1.0: Fundamental Algorithms for Scientific Computing in Python. Nature
Methods 2020, 17, 261-272.

Press, W. H.; Teukolsky, S. A.; Vetterling, W. T.; Flannery, B. P., Numerical Recipes: The Art of
Scientific Computing; Cambridge University Press: 2007.

Prausnitz, J. M. Isentropic Compression of Nonideal Gases. Industrial & Engineering Chemistry
1955, 47, 1032-1033.

Sandler, S. 1., Chemical, Biochemical, and Engineering Thermodynamics, Sth Edition; John Wiley &
Sons: New York, 2017.

Peng, D.-Y.; Robinson, D. B. A New Two-Constant Equation of State. Industrial and Engineering
Chemistry Fundamentals 1976, 15, 59-64.

Electrically Powered High-Salinity Brine Separation using Dimethyl Ether S13



