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Abstract 12 

The objective of this study is the modeling and simulation of a novel process, consisting of a 13 

membrane reactor (MR)/adsorptive reactor (AR) sequence that intensifies equilibrium-limited 14 

reactions and associated separation processes. A comprehensive, multi-scale, multiphase, steady-15 

state/dynamic, computational fluid dynamics (CFD)-based process model is developed, that 16 

quantifies the many underlying complex physicochemical phenomena occurring at the pellet, and 17 

reactor scales. Model simulations are then carried-out, to study the influence of the individual 18 

units’ operating and design parameters on overall system performance, and to better understand 19 

this simultaneous reaction/separation, steady-state/cyclic process. Simulation-based optimization 20 

studies are then carried out to identify acceptable ranges for both operating and design parameters, 21 

so as to meet pre-defined process performance specifications.  22 

 23 

  24 
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1. Introduction 25 

Procurement of energy at environmentally-friendly and economical levels is both a great 26 

challenge and an opportunity for the world. To this end, the use of CO2 capture/sequestration 27 

systems is currently being considered during the development of new technologies, as well as in 28 

the improvement of existing technologies for power generation [1]. One such example is the 29 

application of carbon capture technologies to the Integrated Gasification Combined Cycle (IGCC) 30 

process [2]. The IGCC process integrated with carbon capture generates electricity from a solid or 31 

liquid fuel, by (1) converting the fuel into syngas (a mixture of CO, CO2, H2, H2O, CH4) at high 32 

pressures, (2) cleaning-up the produced syngas from problematic impurities (e.g., COS, H2S, HCl, 33 

Hg, etc.), (3) converting the remaining CO into CO2 by utilizing a sequence of reactors where the 34 

Water Gas Shift Reaction (WGSR) takes place, (4) separating the H2 and CO2 out of the resulting 35 

mixture, (5) generating electricity in a combined-cycle power block consisting of a gas turbine and 36 

a steam turbine, (6) and drying and compressing the CO2 for sequestration purposes.  37 

Process intensification (PI) encompasses any chemical engineering development offering 38 

drastic process technology improvements, in regard to a variety of metrics. Such intensification 39 

has the potential to improve process efficiency and economics. As part of the intensification 40 

procedure, integration of multiple operations (e.g., reaction and separation) in a single unit is used 41 

as a robust tool to improve the existing process’ efficiency, and to reduce energy consumption, 42 

and unwanted outputs/by-products [3-4]. Adsorption, absorption and membrane-based separations 43 

are some of the techniques available to accomplish such intensification for the IGCC process, as 44 

part of a multifunctional separation/reactor system for simultaneous production, separation, and 45 

purification of hydrogen from the syngas mixtures [5-6]. In particular, in this study we consider 46 

the combined use of adsorptive reactor (AR) and membrane reactor (MR) technologies for the 47 
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efficient production and recovery of the produced gases from the gasifier off-gas. Via the 48 

combined use of these reactors, the reaction products (e.g. H2, CO2) are selectively removed by 49 

the adsorbent (in the AR) and the membrane (in the MR), so that the equilibrium conversion is 50 

shifted in both reactors toward the product side, and H2 and CO2 product separation is also 51 

accomplished. The employed AR and MR technologies also present some other promising 52 

features, including lower reaction operating temperatures, reduced material costs, and increased 53 

operation safety. Moreover, employing this efficient MR and AR system eliminates the need for 54 

using excess steam in the reaction, minimizes the downstream purification requirements, and 55 

reduces the amount of catalyst needed for attaining the desired conversion level [7-8].  56 

The main focus of this study is to demonstrate a novel membrane/adsorption-enhanced 57 

IGCC process, which utilizes a novel membrane reactor (MR)/adsorptive reactor (AR) sequence. 58 

The integration of these two reactive separation technologies creates a synergy that significantly 59 

increases overall process efficiency and results in higher reaction rates, yields and selectivity [7-60 

8] when compared to the individual MR [9-25] and AR [26-33] processes which separate only one 61 

of the reaction products (e.g. H2 or CO2). 62 

The study of multiphase transport/reaction phenomena is, of course, of interest to a wide 63 

range of separation and reactor applications [34-36] involving simultaneous heat, momentum, and 64 

multi-component mass transport [37-39]. A marked characteristic of such multiphase 65 

reactor/separator systems is the need to explicitly account for the reaction/transport processes 66 

within the porous catalysts/adsorbents/membranes themselves. For the MR/AR process studied 67 

here, accounting for all these phenomena dictates the use of so-called heterogeneous models rather 68 

than simplified pseudo-homogeneous models that have, to date, dominated the modeling literature. 69 

The most crucial advantage of using such models in the modeling of reactors and separators, is 70 
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their ability to solve the transport/reaction equations separately for each phase (bulk reactor, 71 

catalyst, adsorbent, and membrane), explicitly accounting for gradients inside each phase and in 72 

between phases, and thus providing satisfactory modeling results for large-scale, commercial units 73 

where such intra-particle gradients may have a substantial impact. Thus, these multi-scale models 74 

are not only adequate for the lab-scale reactors/separators where one utilizes powdered 75 

catalysts/adsorbents, but also for the commercial-scale systems which employ larger size pellets 76 

to avoid large pressure drops, particularly under the high-pressure conditions of the IGCC 77 

application. 78 

The objective of this work, therefore, is to first develop multi-scale MR/AR models, which 79 

describe in detail the species/energy transport phenomena within the porous catalyst/adsorbent 80 

pellets, and their dependence on the pellet’s location along the reactor’s length, together with the 81 

species/energy transport phenomena in the reactor’s bulk phase. Subsequently, employing these 82 

models we aim to demonstrate the intensification attained by the proposed integrated MR/AR 83 

process, through elimination of the need for use of complex and costly downstream unit operations, 84 

such as e.g., the two-stage Selexol process.  85 

In order to accomplish the aforementioned objective, we first focus on the design of each 86 

individual unit prior to the optimization of the overall process. We employ the comprehensive, 87 

multi-scale, multiphase, CFD models developed to quantify the complex physicochemical 88 

phenomena occurring in each unit, with the aim to provide the basis to better understand, and to 89 

intensify the integrated reaction/separation, steady-state/cyclic process. We then carry-out 90 

simulations in order to study the influence of the individual units’ operating and design parameters. 91 

For the MR component, for example, we investigate the effect of temperature, pressure, Wcat/FCO 92 

ratio, inlet H2O/CO molar ratio, permeate-side pressure, sweep ratio, and membrane properties 93 
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(e.g., permeance, separation factors) on MR’s performance. For the AR unit, we investigate the 94 

impact of operating conditions and design parameters (e.g., Wcat/FCO ratio, inlet H2O/CO molar 95 

ratio, etc.). Then, we carry-out the optimization of the individual modular components and of the 96 

overall system; such an optimization entails characterizing the acceptable ranges (i.e., defining the 97 

minimums and maximums) in terms of the operating and design parameters in order to meet the 98 

selected success criteria for the process.  99 

2. Membrane Reactor (MR)/Adsorptive Reactor (AR) Sequence 100 

The proposed integrated IGCC system combining MR in tandem with an AR (the MR 101 

being followed by the AR) [40] is, in our opinion, the most likely one to meet the success criterion 102 

of avoiding the need to use a downstream 2-stage Selexol process. As it will be discussed below, 103 

the proposed MR-AR process is flexible, results in high CO conversions (>95%), and meets the 104 

US Department of Energy’s targets for CO2 capture (>90%) and CO2 purity (>95%). An additional 105 

key advantage of the proposed system, when integrated within an IGCC power-plant, is that it 106 

provides a high-pressure CO2 stream ready for sequestration.  107 

In the proposed MR-AR process, reaction and separation take place simultaneously in the 108 

MR (employing a carbon membrane selective to H2), and AR (using an adsorbent selective to 109 

CO2). The AR is packed with catalyst and adsorbent pellets, while the MR contains one (for lab-110 

scale systems) or multiple membranes, and catalyst packed in the space between the membranes 111 

and the reactor wall. During the process, the WGSR products are continuously removed from the 112 

bulk gas phase (H2 in the MR and CO2 in the AR), thus shifting the chemical equilibrium toward 113 

more product formation. The objective of this study is to demonstrate the feasibility of applying 114 

this product separation-enhanced reaction process in the context of an IGCC power plant, by 115 

showing that the integrated system can achieve the overall fossil energy performance goals of high 116 
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CO conversion, CO2 capture and purity, while attaining a significant reduction in the electricity 117 

production cost as compared to baseline capture approaches.  118 

In the analysis of the proposed integrated system, in the effort to optimize system 119 

performance, we first define the range of feasible operating conditions (for the individual system 120 

components) that allow meeting the desired process targets. For the operation of the MR, for 121 

example, for the exit of the reject side (which serves as the feed-stream for the AR) we require a 122 

minimum 1.1 H2O/CO molar ratio (to avoid potential catalyst deactivation in the AR) and a 123 

maximum 5-10% CO2 loss in the MR permeate side depending on the selected characteristic 124 

operating time. The AR operates under dynamic conditions, requiring adsorbent regeneration when 125 

the adsorbent is saturated. We define two characteristic times in regard to the AR’s 126 

reaction/adsorption dynamic operation: (1) First, the minimum time of operation, which is defined 127 

as the time that the CO2 breaks-through and is detected at the reactor exit, and (2) the maximum 128 

time of operation , which is the time for which the corresponding time-averaged mass flow rate of 129 

carbon exiting the AR during the entire reaction/adsorption phase (plus the carbon lost through 130 

membrane into the permeate side) up to that point reaches 10% of the constant mass flowrate of 131 

carbon entering the MR-AR sequence during the same period (this is so that we meet the US DOE 132 

target of 90% carbon capture). Defining the minimum and maximum characteristic operating 133 

times, provides the range of operating conditions within which the MR-AR system shifts between 134 

90 - 100 % carbon capture.  135 

The model system (depicted in Figure 1) that we study here emulates our lab-scale 136 

experimental system [40], which consists of one MR being followed by two AR’s, operating 137 

alternately in reaction/adsorption and regeneration (desorption) mode due to the cyclical nature of 138 

an adsorptive reactor’s operation.  Indeed, continuous AR operation necessitates the use of at least 139 
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two such reactors (and a greater number in a real commercial system [40]). In step one, the 140 

partially-reacted syngas gas exiting the MR (where the H2 product is separated) is fed into the first 141 

AR, where the remaining unreacted CO is converted into CO2 which is adsorbed. While this is 142 

occurring, the other adsorptive reactor (in which the adsorbent is now saturated with CO2) is 143 

flushed with steam and desorption takes place producing a high-pressure stream consisting of CO2 144 

and H2O. The resulting products of the system are a lower pressure humid MR permeate hydrogen 145 

stream, a high-pressure humid hydrogen stream exiting the AR during the reaction/adsorption 146 

phase, and a mixture of water and carbon dioxide exiting the AR during the desorption phase. 147 

After the adsorbent bed in the first AR saturates, the reject stream from the MR is switched to the 148 

other AR, and the regeneration of the spent adsorbent in the first AR is commenced.   149 

An important potential advantage of the proposed MR-AR process is its reduced energy 150 

consumption, compared to the conventional process that utilizes a Dual-stage Selexol unit to 151 

separate CO2 from the syngas exiting the WGSR. Indeed, the conventional process generates a 152 

pure CO2 stream at approximately 1 bar, which must then be compressed to high pressures (~ 150 153 

bar by some accounts [41]) for sequestration/utilization purposes. This compression step consumes 154 

a sizeable portion of the power produced by the power-plant. In contrast, the AR operates at much 155 

higher pressures (>20 bar), in line with the power-plant gasifier’s operating pressures, and delivers 156 

a high-pressure pure CO2 stream that requires much less energy for compression, thus attaining 157 

significant energy savings. During the desorption step, the obtained CO2/H2O gas mixture (at the 158 

exit of the reactor) is separated at the same pressure as the reactor exit, and the separated high-159 

pressure H2O is recycled for steam production in the desorption step, without the need for repeated 160 

compression. 161 
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 162 
Figure 1. The proposed MR/AR Sequence Process. 163 

 ( -Open Valve, -Closed Valve) 164 
 165 

3. Mathematical Modeling 166 

For the study of the MR and AR we employ multiscale models. The MR consists of three 167 

domains, namely the catalyst pellet domain, the reactor domain (bulk gas phase), and permeation 168 

zone domain. The AR consists of the catalyst pellet domain, the adsorbent pellet domain and the 169 

reactor domain (bulk gas phase). At the micro level (the pellet scale) we consider all 170 

catalyst/adsorbent pellet features, including average pore size, reaction/adsorption kinetic rates, 171 

pellet material properties, and pellet shape. At the macro level (the reactor scale) we consider all 172 

the MR/AR features, such as reactor dimensions, catalyst/adsorbent packing void fraction, gas 173 

properties, etc.   174 

An information network regarding gas pressures, temperatures, velocity, and species’ 175 

concentrations in the domains is built in between the catalyst-reactor, reactor-permeation and 176 

adsorbent-reactor domains by a multiscale modeling approach. The conservation equations are 177 

simultaneously solved for each aforementioned domain by COMSOL Multiphysics®, using the 178 

finite element method. The computational fluid dynamics model employs a uniform (fine) mesh 179 

in the reactor domain, and a non-uniform mesh with 8000-unit cells in the catalyst and adsorbent 180 



9 
 

pellet domains. For the radial direction of both catalyst and adsorbent pellets, we use a pre-defined 181 

mesh element distribution available in the COMSOL software, which maintains the above total 182 

number of elements in the radial direction, while ensuring  that smaller unit cells are employed 183 

near the pellet surface. 184 

For the catalyst/adsorbent pellets’ domain and the reactor’s domain, the mass-based 185 

conservation equations and coupled with the set of initial and boundary conditions are presented 186 

in Appendix-A. Further details about the development and numerical solution of these equations 187 

can be found in two recent papers by our Group [42-43].   188 

4. Case Study 189 

In a conventional IGCC plant, the WGSR is typically carried-out in a sequence of two reactors 190 

(high temperature-WGSR and low temperature-WGSR), with inter-stage cooling, to overcome 191 

both kinetic and equilibrium limitations. For pure hydrogen production, the process requires a 192 

downstream separation step to remove the CO2 and any unreacted CO. This process is, therefore, 193 

well-suited for the application of novel intensification concepts, integrating reaction and separation 194 

into a single unit. The WGSR has also gained renewed interest recently, in both the industrial and 195 

academic sectors, due to its potential use as a main route for hydrogen production in 196 

environmentally-friendly IGCC coal power-plants, as noted above. There has been, therefore, a 197 

recent significant increase in WGSR-related studies, aiming to improve existing technologies and 198 

to potentially develop new processes that can reduce production costs.  199 

The WGSR, Eq.(1), is exothermic, reversible, and equilibrium-limited in nature. 200 

  0
2 2 2 298 41.1KCO H O CO H H kJ mol       (1) 201 

As demonstrated in Figure 2, we investigate in this paper the applicability to the IGCC process of 202 

a novel and efficient reactor configuration, which consists of a low temperature MR (LT-MR)/ 203 
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followed by an AR. In the process scheme in Figure 2, the syngas produced through gasification 204 

of coal is directed into the MR-AR system that produces a hydrogen-rich stream for power 205 

generation and a pure, high-pressure CO2 stream ready for sequestration. The hydrogen-rich 206 

stream produced by the MR-AR skid goes through a heat and power generation unit consisting of 207 

hydrogen turbines, producing energy to match the target levels defined by the performance 208 

attributes. Thus, the proposed process has the potential to become a highly efficient and ultra-209 

compact process that produces H2 for use in IGCC with simultaneous CO2 capture. 210 

Gasification

FUEL
 (Coal)

Syngas quench
Cooling and cleaning

Combined Cycle
Steam-gas turbine

CO2>= 20 bar

CO2 Drying and
Compression

CO2 to storage 
150 bar

Power

AR-1

AR-2

LTMR

 211 

Figure 2. Simplified proposed block flow diagram of an IGCC power-plant. 212 

4. 1. Membrane Reactor Studies: 213 

A coal-derived syngas with composition (H2:CO:CO2:N2:CH4:H2S:H2O= 214 

0.51:1.00:0.36:2.28:0.1:0.0031:1.1) is used as the feed to the MR. In the simulations, the Wcat/FCO 215 

values in the MR were varied within a range of 20 - 95 g-cat*h/mol-CO, by changing the MR inlet 216 

flow rate, while the MR was considered to operate at a temperature of 250 ºC (simulations are 217 

carried out under adiabatic case) and a pressure of 25 bar (which are the typical conditions for the 218 

lab-scale experiments reported elsewhere [4]). In the simulations, the membrane permeances 219 

(m3/m2.h.bar) were taken to be: H2=1; CO=0.0027; CO2=0.0018; CH4=0.0027, H2O=0.333, which 220 

are typical of values we measure with high-quality CMS membranes prepared by our industrial 221 

collaborators in this project (Media and Process Technology, Inc.).  222 
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Species molar flow rates and molar fractions in MR: 223 
 224 

 225 

Figure 3. MR molar flow rates vs Wcat/FCO.  226 
Sweep ratio: 0.1, permeate pressure: 4 bar 227 

 228 

Only model simulation results are presented in Figures 3-4. Each point in these figures is 229 

obtained, following a run of the MR multi-scale model for a different value of the Wcat/FCO ratio. 230 

Figures 3-4 show the MR outlet molar flow rates and species mole fractions as a function of 231 

Wcat/FCO, for both reaction and permeation zones. The total inlet and outlet molar flow rates are 232 

also shown in Figure 3, for simulation consistency verification purposes. The MR inlet and outlet 233 

total molar flow rates are practically identical, thus confirming the accuracy of the simulation.  234 
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 235 
Figure 4. MR outlet species mole fractions vs. Wcat/FCO.  236 

Sweep ratio:0.1, permeate pressure: 4 bar 237 
 238 

CO conversion, H2 recovery, H2O/CO outlet molar ratio and CO2 lost in MR: 239 
 240 

Simulations were carried-out, for various values of the sweep ratio and permeate-side 241 

pressure, to quantify the effect of these parameters on MR performance, and thus identify feasible 242 

operating conditions and process designs that meet the operating constraints on the MR discussed 243 

above, namely the mass of carbon lost in the permeate side being <5-10 % (depending on the 244 

characteristic operating time), and the outlet H2O/CO ratio in the MR reject side being >1.1. 245 

Figures 5-8 illustrate the impact of varying the sweep ratio on the CO conversion in the 246 

MR, the H2O/CO outlet molar ratio in the reject side, the H2 recovery (which is defined here as the 247 

molar flow rate of H2 exiting the MR permeate side divided by the total molar flow rate of H2 248 

exiting the MR), and total carbon lost (ending-up) in the MR permeate side, as a function of 249 

Wcat/FCO. As shown in Figures 5 and 7, the CO conversion and H2 recovery are increasing functions 250 

of Wcat/FCO for a fixed steam sweep ratio, and also increasing functions of steam sweep ratio for a 251 

fixed value of Wcat/FCO. Indeed, Figures 5 and 7 illustrate that CO conversion (and H2 recovery) 252 

increases from 38.5 % (67 %) at Wcat/FCO = 30 and no sweep, to 85 % (95 %), at Wcat/FCO = 95 253 
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and employing a sweep ratio = 0.3. Conversion and H2 recovery both increase with increasing 254 

steam sweep ratio, since sweeping with steam lowers the H2 partial pressure in the permeate side, 255 

thus enhancing H2 transport across the membrane, and also reducing the loss of high-pressure 256 

steam (a reactant) from the reaction zone to the permeation zone. This effect is more dominant for 257 

higher Wcat/FCO values. Another positive effect of using a sweep agent is the cooling effect 258 

provided to the reactor, as the steam in this case acts as a cooling medium. Moreover, decreasing 259 

the sweep stream temperature increases the cooling effect on the reaction zone. The downstream 260 

H2/H2O separation can be readily carried-out, using cooling/flashing/heating operations, thus 261 

suggesting sweeping as a promising process operation alternative.     262 

 263 

As mentioned earlier, a goal for the proposed MR-AR process is to capture at least 90% of 264 

the carbon in its feed. Thus, a maximum 5-10 % carbon loss is allowed through the MR’s 265 

membrane. Figure 8 demonstrates that the total carbon loss through the MR membrane is 0.95 %, 266 

due to the low CO2 permeability through the membrane. Thus, this target of MR performance can 267 

be readily met. 268 

Figure 6 shows the outlet H2O/CO molar ratio in the MR reject side, which is an increasing 269 

function of the steam sweep ratio for fixed Wcat/FCO, but a convex function of Wcat/FCO for fixed 270 

steam sweep ratio, with the minimum occurring around  Wcat/FCO = 50, and being equal to 0.07 for 271 

no sweep and 0.15 for a sweep ratio of 0.3, while the maximum is about 0.5 and occurs at low 272 

(about 25) Wcat/FCO. These are all lower H2O/CO molar ratios than the target of 1.1, which is set 273 

on the basis that in the proposed MR-AR process, the MR’s reject-side outlet serves as the AR’s 274 

inlet, and a value of 1.1 is considered to be the safe allowable H2O/CO molar ratio to maintain an 275 

acceptable catalyst activity in the AR. These low H2O/CO molar ratios in the MR reject-side exit 276 
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are attributable to the low steam permeate pressure of 1 bar, which leads to increased H2O transport 277 

from the reactive zone to the permeate zone. Increasing the permeate-side pressure is, thus, a 278 

potential solution, as it is discussed below. 279 

  280 

                         281 

Figure 5. CO conversion vs. Wcat/FCO .                                    Figure 6. Exit H2O/CO ratio vs. Wcat/FCO . * 282 

             283 

Figure 7. H2 recovery vs. Wcat/FCO . *                                  Figure 8. Carbon lost through MR vs. Wcat/FCO . * 284 

*Permeate inlet temperature:453 K, permeate side pressure:1 bar. 285 
 286 
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Figures 9 and 11 illustrate that at steam sweep ratio of 0.1, CO conversion (H2 recovery) 287 

is an increasing (increasing) function of Wcat/FCO for fixed permeate-side pressure, and an 288 

increasing (decreasing) function of permeate-side pressure, for fixed Wcat/FCO. Indeed, Figure 9 289 

illustrates that CO conversion increases from about 40 %, at Wcat/FCO = 20 to 77 % (84 %), at  290 

Wcat/FCO = 95 and 1 bar (5 bar) permeate-side pressure. Figure 11 shows that H2 recovery increases 291 

from about 45 % (70 %) at Wcat/FCO = 20 and 5 bar (1 bar) permeate-side pressure, to 60 % (93 292 

%), at  Wcat/FCO   = 95 and 5 bar (1 bar) permeate-side pressure.  293 

Figure 12 demonstrates, the maximum carbon loss through the MR membrane is again 0.95 294 

%, thus ensuring that the goal of maximum 5-10 % carbon loss in the MR continues to be satisfied 295 

at high permeate-side pressures.  Figure 10 illustrates that the MR reject-side outlet H2O/CO molar 296 

ratio is an increasing function of the permeate side pressure for fixed Wcat/FCO , but a convex 297 

function of Wcat/FCO  for fixed permeate-side pressures, with the minimum occurring around 298 

Wcat/FCO = 50 (25), and being about 0.15 (1.2) for 1 bar (5 bar) permeate-side pressure, while at  299 

Wcat/FCO  = 95 the MR outlet H2O/CO molar ratio is 0.2 (2.45) for 1 bar (5 bar) permeate-side 300 

pressure. Based on the above simulation results, a permeate-side pressure of 4 bar was chosen for 301 

the integrated MR-AR system simulations to follow, as it satisfies the H2O/CO molar ratio and 302 

CO2 loss criteria, without undue impact on CO conversion and H2 recovery. Another advantage of 303 

running the MR with a higher permeate-side pressure is to avoid a compression step downstream 304 

needed in using the H2 product for power generation (e.g., in hydrogen turbines).  305 

 306 
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          307 

Figure 9. CO conversion vs. Wcat/FCO . *                 Figure 10. Exit H2O/CO ratio vs. Wcat/FCO . * 308 

   309 

          310 

Figure 11. H2 recovery vs. Wcat/FCO . *                              Figure 12. Carbon lost through MR vs. Wcat/FCO . * 311 

* Permeate inlet temperature:453 K, permeate side pressure:1 bar, sweep ratio:0.1. 312 
 313 
Temperature profiles in the MR: 314 
 315 
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     316 

Figure 13. MR exit temperature and temperature difference profiles vs. Wcat/FCO .  317 
Permeate inlet temperature:453 K, permeate side pressure:1 bar, sweep ratio:0.1. 318 

 319 
Figure 13 illustrates that the MR axial temperature profiles for the gas phase retentate and 320 

permeate sides, and for the catalyst are all increasing functions of Wcat/FCO. Figure 13 also 321 

illustrates that the difference between the temperature of reject-side gas phase and the permeate-322 

side gas phase (and the reject-side gas phase and catalyst-pellet temperatures) is +11 K (-8 K) for 323 

Wcat/FCO  = 20, and +0.5 K (-0.5 K) for Wcat/FCO  = 100. 324 

4. 2. Connecting the MR with the AR: 325 

A number of simulations were carried-out of the integrated MR-AR system. In these 326 

simulations the steam sweep ratio in the MR was set equal to 0.1, while the permeate pressure was 327 

kept equal to 4 bar, and the Wcat/FCO ratio was varied over a range of values which met the MR 328 

targets for the reject-side exit H2O/CO molar ratio and the carbon loss. For each set of experimental 329 

conditions in the MR resulting in a given reject-side exit (and feed into the AR) composition, a 330 

number of AR simulations were carried out for a range of AR-Wcat/FCO  values (50-200 g-331 

cat*h/mol-CO), and a range of Wad/Wcat values (4-10) for the AR (Wad being the weight of 332 

adsorbent utilized), with other operating conditions being a temperature of 250 ºC (simulations are 333 

carried out under wall-isothermal case), and a pressure of 25 bar, same with those employed in the 334 

reject side of the MR. 335 
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The effect of the Wcat/FCO in the MR and of the Wcat/FCO in the AR on the minimum/maximum 336 

AR operating times and corresponding average total conversions: 337 

The cyclical nature of an AR’s operation suggests that the time for which the AR operates 338 

in the reaction/adsorption mode is of great significance for AR process economics, flexibility and 339 

safety. It is therefore important to determine the AR’s performance characteristics as defined the 340 

minimum and maximum operating times, as previously defined.  Figure 14 illustrates that the 341 

minimum and maximum AR operating times are increasing functions of the Wcat/FCO for the AR, 342 

for various AR inlet feed compositions, each of which corresponds to the reject-side exit 343 

composition in the MR for a different Wcat/FCO  ratio in the MR. The minimum (maximum) time 344 

increases from about 200 s (300 s) for  Wcat/FCO = 80 in the MR and Wcat/FCO  = 50 in the AR, to 345 

about 1500 s (2000 s) for Wcat/FCO = 20 in the MR and Wcat/FCO  = 200 in the AR. Figure 14 also 346 

illustrates that the minimum and maximum AR operating times are decreasing functions of the 347 

Wcat/FCO  in the MR, for a fixed Wcat/FCO in the AR.  Indeed, as Wcat/FCO  in the MR increases, CO 348 

conversion at the MR exit increases, resulting in a higher CO2 AR inlet flowrate, which then 349 

requires lower Wcat/FCO  for the AR, and thus lower minimum and maximum AR operating times. 350 

   351 
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    352 

Figure 14. AR CO2 breakthrough time1 (Left) and AR maximum operation time2 (Right) vs AR- Wcat/FCO  353 
values for various MR exit compositions. 354 

 Wad/Wcat=6. 355 
 356 

1 The minimum time of operation, defined as the time that CO2 is first detected at the AR exit.  357 

2 The maximum time of operation, defined as the time for which the time-averaged mass flowrate of carbon exiting 358 
the AR during the entire reaction/adsorption phase (including the carbon lost through the membrane) reaches 10%. 359 

    360 

Figure 15. Exit-average total (MR+AR) CO conversion vs. AR- Wcat/FCO values for MR exit 361 
compositions. (Left- The minimum time of operation and Right- The maximum time of operation).  362 

Wad/Wcat =6 363 
 364 

Figure 15 shows the time-averaged CO conversions of the integrated MR-AR system, over 365 

both the minimum and maximum AR operating times. In Figure 15, these conversions are plotted 366 

as a function of the Wcat/FCO  for the AR for various values of the Wcat/FCO  for the MR. They are 367 
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both increasing functions of Wcat/FCO  for the AR. As mentioned earlier, one of the most important 368 

success criteria for the proposed process is obtaining at least 95% total CO conversion through the 369 

combined MR/AR system. However, as can be seen in Figure 15, the total min-95% CO conversion 370 

is not acquired for all cases and AR-W_cat/F_CO_0 values. The total conversion decreases, while 371 

the value of MR-W_cat/F_CO_0 decreases. The CO conversion averaged over the minimum 372 

(maximum) operating times shown in Figure 15- Left (Figure 15-Right), values of 75, 110, 200 373 

(100, 190, >200) AR-W_cat/F_CO_0 are needed to attain 95 % total conversion for MR-374 

W_cat/F_CO_0 values of 80,60,50, respectively. These results suggest that 95 % conversion can 375 

be attained either running MR at higher MR-W_cat/F_CO_0 values (around 70-80) and mid-range 376 

values of AR-W_cat/F_CO_0 (around 90-100) or running MR at mid-range MR-W_cat/F_CO_0 377 

values (around 50-60) and higher values of AR-W_cat/F_CO_0 (above 200). Increasing the inlet 378 

H2O/CO molar ratio would be another alternative to achieve higher total conversions. Starting the 379 

MR at higher inlet H2O/CO molar ratios may have the following effects: (1) increasing MR 380 

conversion for lower MR-W_cat/F_CO_0 values, (2) decreasing permeate side pressure 381 

(increasing H2 recovery and CO2 lost through membrane), (3) having higher MR outlet H2O/CO 382 

values yields higher average toAR CO conversions, (4) increasing excess use of steam and 383 

decreasing production rate. 384 

 385 

 386 

 387 

 388 

 389 

 390 
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 391 

 392 

Wad/Wcat effect on minimum/maximum AR operating times and corresponding average total 393 
conversions: 394 

     395 

Figure 16. AR CO2 breakthrough time (Left) and AR maximum operation time (Right) vs. AR- Wcat/FCO 396 
values for various Wad/Wcat values.  397 

MR- Wcat/FCO =60. 398 
 399 

    400 

Figure 17. Exit-average total (MR+AR) CO conversion vs AR- Wcat/FCO values for various Wad/Wcat 401 
values.  402 

MR-Wcat/FCO =60. 403 
 404 
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The effect of Wad/Wcat on the AR’s minimum and maximum operating times and average 405 

total conversions is shown in Figures 16-17. As expected, CO2 breakthrough time and maximum 406 

operating times are favored by higher Wad/Wcat (keeping Wcat constant and increasing Wad) ratios. 407 

Increasing the Wad/Wcat ratio from 4 to 10 increases the CO2 breakthrough time from 500 s to 408 

2500 s and the maximum operating time from 700 s to 2800 s. All these results suggest that the 409 

MR-AR system easily meets the >95% H2, CO2 purity, >90% CO2 capture, and >95% CO 410 

conversions criteria, demanded for IGCC power plants.  411 

The effect of the presence of the adsorbent is clear from these results, with the AR showing close 412 

to 100% conversion while the adsorbent is still fresh and effectively removes the CO2 produced 413 

by the WGSR, thus shifting the reaction equilibrium towards the product side. Eventually, the 414 

adsorbent gets completely saturated and the AR ends operating as a PBR. As the operating pressure 415 

increases, 95 % CO conversion can still be attained, although the minimum and maximum 416 

operating times decrease significantly, since the number of CO2 moles entering the reactor 417 

increases as the pressure increases and the inlet volumetric flow rate is kept constant. CO 418 

conversion, CO2 breakthrough time and high-purity H2 production are favored by higher H2O/CO 419 

ratios. Another important phenomenon is that the pellet size is also a crucial factor for MR-AR 420 

performance, since both the reaction and the adsorption rates can be limited by intraparticle 421 

transport for larger size pellets. 422 

Effectiveness factor evaluation in both MR and AR: 423 

The focus of this work has been to use multi-scale modeling and simulation to explore the 424 

parameter space of this novel MR-AR process, so as to identify acceptable ranges of operating and 425 

design parameters, within which pre-defined process performance specifications can be met. In 426 

this section, the importance of local, pellet-scale behavior in determining overall process behavior 427 

is illustrated through the quantification of catalyst and adsorbent pellet effectiveness factors, as 428 
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appropriate, for both the MR and AR reactors during the operation of the integrated MR-AR 429 

system.   430 

 431 
Figure 18. AR Catalyst/Adsorbent pellet axially-averaged effectiveness factors vs. time. 432 

Wad/Wcat =6, AR- Wcat/FCO=100 433 
 434 

The AR axially-averaged catalyst and adsorbent effectiveness factor profiles are shown in 435 

Figure 18. The temporal effectiveness factor for the ith species is defined by Eq.(2), where the 436 

superscript  refers to either the catalyst or the adsorbent pellet.  437 
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Similarly, the length-averaged effectiveness factor is given by Eq.(3):       439 
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  (3) 440 

The AR adsorbent pellet’s axially-averaged effectiveness factor profiles, for each of the 441 

four consecutive AR operating cycles shown, all approach zero in about 1800 s, as adsorbent 442 

saturation is reached. During the AR desorption step, the obtained CO2/H2O gas mixture (at 723 443 
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K and same pressure as the adsorption step) is separated at the same pressure as the reactor exit, 444 

and the separated high-pressure H2O is recycled in the desorption step, without the need for 445 

repeated compression.  On the other hand, the AR catalyst effectiveness factor increases with time, 446 

and reaches an asymptotic value in about 200 s, as the AR begins to transition into a PBR mode 447 

of operation.  448 

The adiabatic MR/PBR catalyst effectiveness factor axial profiles are shown in Figure 19. 449 

For the MR, the effectiveness factor decreases significantly (over 30%) along the reactor’s length. 450 

For the PBR, on the other hand, the effectiveness factor decreases slightly along the reactor’s 451 

length. A possible explanation for this behavior is that during adiabatic operation the reacting 452 

mixture’s temperature increases along the length of both the PBR and the MR, thus accelerating 453 

the intrinsic kinetics of the WGSR more than the diffusive transport rates of the involved species, 454 

thus resulting in stronger diffusional limitations as one moves down the length of the reactor.  455 

 456 

Figure 19. MR/PBR catalyst pellet effectiveness factor axial profile. 457 
Permeate inlet temperature/pressure: 453 K/1 bar, sweep ratio:0.1, MR- W_cat/F_CO_0=60 458 

 459 
5. Conclusions  460 

In this study, a comprehensive, multi-scale, computational fluid dynamics (CFD) based 461 

model for the novel membrane reactor-adsorptive reactor (MR-AR) process is developed and 462 
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simulated. Repeated model simulations are carried out, to study the influence of the individual 463 

units’ operating and design parameters and to characterize acceptable ranges for these parameters, 464 

so as to meet predefined process performance specifications. These detailed simulation results 465 

suggest that the novel MR-AR process sequence readily fulfills carbon capture system (CCS) 466 

targets on CO conversion, H2 purity, and CO2 capture, and therefore represents a promising pre-467 

combustion capture alternative for IGCC power plants.  468 

Simulations were carried-out to quantify the effect of key MR operating conditions, such 469 

as the sweep ratio, permeate-side pressure and Wcat/FCO. Increasing the value of Wcat/FCO 470 

simultaneously increases CO conversion and H2 recovery. As shown in Figures 5 and 9, for MR 471 

Wcat/FCO values in the range of 30-95, it is possible to obtain min-38.5% (45%) and max-85% 472 

(95%) CO conversion (H2 recovery) in the MR. Using a sweep agent and an optimally-selected 473 

permeate-side pressure can have a significant impact on the MR’s behavior. The use of a sweep 474 

agent improves conversion and H2 recovery, while increasing the permeate-side pressure reduces 475 

CO conversion, by decreasing the species’ permeation rate through the membrane. A H2O/CO 476 

molar ratio of 1.1 at the MR exit was selected in this study is the minimum such value allowable 477 

at the AR inlet, based on the need to maintain an acceptable catalyst activity in the AR. Based on 478 

the obtained simulation results, a minimum permeate-side pressure of 4 bar is required in order to 479 

satisfy at the MR exit both the H2O/CO molar ratio, and CO2 loss criteria. Based on these results, 480 

the MR steam sweep ratio was set to 0.1, and the MR permeate pressure was kept at 4 bar, for the 481 

remaining simulations, in which the Wcat/FCO ratio was varied over a range of values which met 482 

the MR targets for the reject-side exit H2O/CO molar ratio and for carbon loss in the permeate 483 

side. 484 
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The second set of simulations was carried-out to quantify the effect of key AR operating 485 

conditions, considering that the MR’s reject-side exit is fed into the AR for various MR Wcat/FCO 486 

values. The simulations show that the ratio of Wcat/FCO has significant effect on the MR-AR 487 

system. The minimum and maximum AR operating times are increasing functions of the Wcat/FCO 488 

for the AR, for various AR inlet feed compositions. The minimum and maximum AR operating 489 

times are decreasing functions of the Wcat/FCO in the MR (for a fixed Wcat/FCO in the AR).  Indeed, 490 

as Wcat/FCO in the MR increases, CO conversion at the MR exit increases, resulting in a higher CO2 491 

AR inlet flowrate, which then requires lower Wcat/FCO  for the AR, and thus lower minimum and 492 

maximum AR operating times. The min-95% total CO conversion is not acquired for all cases and 493 

AR Wcat/FCO values. The total conversion decreases, while the value of MR Wcat/FCO decreases. 494 

Based on the simulation results, 95 % conversion can be attained either by running the MR at 495 

higher MR Wcat/FCO values (around 70-80) and the AR at mid-range values of AR Wcat/FCO (around 496 

90-100), or by running the MR at mid-range MR Wcat/FCO values (around 50-60) and the AR at 497 

higher values of AR Wcat/FCO (above 200). Increasing the inlet H2O/CO molar ratio would be 498 

another alternative to achieve higher total conversions, while increasing Wad/Wcat (keeping Wcat 499 

constant and increasing Wad) ratios would lead to increases in CO2 breakthrough, and maximum 500 

operating times. 501 
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English Symbols 508 

 2A m of domain   Area of the control surface of domain   509 

 2r
cA m  Cross section area of the tubular reactor 510 

 2
OB m  Viscous flow parameter of domain   511 

 1
ib Pa   Langmuir model constant for component i  512 

, 3i

mol of species i in phase within domain
c

m of phase withindomain



 
 

 
 
 

 Species’ i  molar density of phase   within 513 

domain   514 

3

mol of phase withindomain
c

m of phase within domain



 
 

 
 
 

 Total molar density of phase   within domain   515 

 ,P i th

J of species i in phase within domain
C

mol K of the i component of phase within domain
  

 
 
   

  Species’ i  molar specific heat 516 

at constant pressure of phase f  within domain   517 

 V

J phase s within domain
C

mol K of phase s within domain
 


 
   

  Species’ i  molar specific heat at constant volume of 518 

phase s  within domain   519 

 2CS m of domain    Control surface of domain   520 

 3CV m of domain    Control volume of domain   521 

 
2

ij

m of phase f withinof domain
D

s
  
 
 

 Species’ i  and j  binary diffusion coefficient of phase 522 

  within domain   523 
2

eff
ij

m of domain
D

s

 
 
 

 Species’ i  and j  effective binary diffusion coefficient in domain    524 

2

iK

total m of domain
D

s

 
 
 

 Species’ i  Knudsen diffusion coefficient in domain    525 

2
r
i

m of phase f withindomainr
D

s

 
 
 

  Species’ i  thermal diffusion coefficient of phase f   within 526 

domain r   527 
2

z

m of domain r
D

s

 
 
 

 Axial dispersion coefficient in domain r   528 

 pd m   Diameter of the pellet 529 

 p
pored m  Mean pore diameter in domain    530 

 rd m   Diameter of the tubular reactor 531 
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  2

J from phase f within domain
h

m K of phase s within domain s
 



 
 
   

  Interfacial heat transfer coefficient between 532 

phase f  within domain   and phase s  within domain  . 533 

,i

J of phase withindomain
h

mol of phase withindomain



 
 

 
 
 

  Species’ i  molar enthalpy of phase   within domain   534 

  
J of phase within domain

m K of phase within domain s



 
 

 
    

 Thermal conductivity of phase   within domain 535 

  536 

 , 2i

kg of species i in phase within domain
j

m of phase within domain s



 
 

 
 
  


 thi  species diffusion molar flux in phase   537 

within domain   538 

 , 2i

kg of species i in phase within domain
J

m of phase within domain s



 
 

 
 
  


  thi  species combined diffusion-convection 539 

molar flux in phase   within domain 540 

eqK  Equilibrium constant of WGSR  541 

 1
ak s  Adsorption mass transfer coefficient   542 

 543 

 rL m   Length of the tubular reactor 544 

 iM kg of i mol of i   thi  species molar mass  545 

 im mol kg  Langmuir model constant for component i   546 

 n dimensionless


 Unit vector direction of the differential area dA  of the CS . 547 

 , 2i

kg of species i in phase within domain
n

m of phase within domain s



 
 

 
 
  


  thi  species diffusion mass flux in phase   548 

within domain   549 

 , 2i

kg of species i in phase within domain
N

m of phase within domain s



 
 

 
 
  


  thi  species combined diffusion-convection 550 

mass flux in phase   within domain 551 

3

J of phase f withindomain
p

m of phase f withindomain






 
 
 

  Pressure of phase   within domain   552 

 2

J of phase within domain
Q

m of phase within domain s



 
 

 
 
  


   Heat flux into phase   within domain   553 
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i

mol i on domain a
q

kg of domain a

 
 
 

  Solid phase concentration of component i  on domain a 554 

eq
i

mol i on domain a
q

kg of domain a

 
 
 

  Equilibrium solid phase concentration of component i  on domain a 555 

 , 3i

mols of species i in phase within domain
R

m of domain s



 


 
 
  

  thi  species volumetric generation rate in 556 

phase   within domain   557 

 ,f i

mols of species i in phase f within domain p
R

kg of phase s within domain p s
  
   

  thi  species phase s  specific generation rate 558 

in phase f  within domain   559 

 .R J mol K  Universal gas constant 560 

eR  Reynold Number 561 

 r mof domain   spatial variable of domain   562 

 r m Radius of the pellet 563 

 T K
  Temperature of phase   within domain   564 

 T K  Temperature of the composite phase in domain   565 

 furT K  Temperature of the furnace  566 

  2

kg of phase within domain

m of phase within domain s



 
 

 
    


  Viscous momentum flux tensor of phase   within 567 

domain   568 

  2

fur J transferred from domain r to furnace
U

m K of interphasecontact s

 
 
   

  Global heat transfer coefficient between the 569 

furnace and domain r   570 

 3V m of domain p   Total volume of domain   571 

 v m s



  Mass average velocity of the phase   within domain    572 

 ,iv m s



  thi  species velocity in phase   within domain    573 

,i

kg of species i in phase within domain
w

kg of phase within domain



 
 

 
 
 

thi  species mass fraction in phase   within 574 

domain  . 575 

,i

mol of species i in phase withindomain
x

mol of phase withindomain



 
 

 
 
 

thi  species molar fraction in phase   within 576 

domain   577 
Greek symbols: 578 
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3

, 3V

m of phase within domain

total m of domain



 


 
 
 

 Volumetric fraction of phase   within domain   579 

2

, 2A

m of phase withindomain

total m of domain



 


 
 
 

 Surface fraction of phase   within domain   580 

3

c s, 3
r

V

m of domainc withindomain r

total m of domain r
 

 
 
 

 Volumetric fraction of domain c  within domain r  581 

3

s, 3
r
a V

m of domaina withindomainr

total m of domainr
 

 
 
 

 Volumetric fraction of domain a within domain r  582 

3

kg of phase withindomain

m of phase within domain



 
 

 
 
 

   Mass density of phase   within domain   583 

, 3i

kg of species i in phase withindomain

m of phase withindomain



 
 

 
 
 

  thi  species mass concentration in phase   584 

within domain   585 

m of diffusion pathlengthin phase f withindomain p

m of CV lengthindomain p

 
 
 

 Tortuosity of phase f  within domain 586 

p . 587 

 f

kg of species i in phase within domain

m of phase within domain s
  

 
 
   

  Viscosity of phase f  within domain   588 

 2J within domain m K s      Conductivity within domain    589 

 590 
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