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Abstract

Membrane distillation (MD) is an emerging membrane technology with great potential for
treatment of hypersaline wastewater generated by unconventional (shale) oil and gas reservoirs.
However, the low energy efficiency of this technology makes the operating cost of MD systems
relatively high, especially in the absence of waste heat. There are several MD configurations
with inherent advantages and disadvantages and varying performance. As such, there is a need
for thermo-economic optimization of MD systems in a systematic manner to assess their
economic performance. We present an optimization framework to model and compare the
performance of six MD configurations (DCMD, AGMD, PGMD, CGMD, SGMD, and VMD) in
continuous recirculation mode for treatment of hypersaline wastewater. The optimization results
show that AGMD with small gap size operated at low stream Reynolds number outperforms all
other configurations with treatment cost of 4.57 US $/m? of feed. However, restricting the
system design to more practically relevant operating conditions, such as higher Reynolds number

and larger gap size, diminishes the cost superiority of AGMD over other configurations. We also
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observed that treatment cost using PGMD configuration approaches those of CGMD and

DCMD, particularly when modules with small gaps are used.

Keywords: Membrane distillation, continuous recirculation, optimization, produced water,

desalination

1 Introduction

Desalination technologies offer great promise to provide fresh water where natural resources
are limited and for treatment of wastewaters and groundwaters of varying salinities while
simultaneously protecting the environment and available freshwater reservoirs. Two broad and
popular categories of desalination technologies include thermal distillation (e.g. multi-stage flash
distillation, multi-effect evaporation) and membrane-based desalination (e.g. reverse osmosis,
forward osmosis) [1]. Large footprint, high equipment costs, and risk of material corrosion make
conventional thermal distillation methods less suitable for small scale plants with high salinity
feed [2, 3]. Similarly, inability of reverse osmosis to handle the high salinity of certain streams
(e.g., unconventional oil and gas wastewater) makes it impractical for such applications [4]. High
salt concentration, usually between 70,000 and 350,000 mg/L total dissolved solids (TDS) is
characteristic of produced water generated by the unconventional oil and gas industry [5].
Flowback and produced water volume from unconventional reservoirs in the United States range
between 0.5- 3.8 million gallons per well over the first 5-10 years of production [6]. If not
properly managed, wastewater from shale gas production could contaminate aquifers and
negatively impact biological species, soil, and vegetation due to elevated level of salinity and
toxicity [7-9]. The current dominant strategy in the US for managing shale gas wastewater is

injection into underground disposal wells [10, 11]. However, this strategy has limited potential in



areas with insufficient disposal wells (e.g. Marcellus shale in Pennsylvania) and has also been
linked to induced seismicity [12-14] . As such, there is a need to explore and evaluate
technologies for treatment of high salinity wastewaters to ensure the long-term sustainability of
this industry. Membrane Distillation (MD) technology is one such promising technology for

treatment of high salinity wastewaters [2].

MD is a desalination technology capable of modular design and the ability to treat hypersaline
wastewater without the aforementioned drawbacks of most commonly used desalination
technologies. MD combines thermal and membrane processes to utilize the difference in vapor
pressure induced by a temperature gradient across a hydrophobic membrane. The vapors
produced from the preheated feed (usually between 40-90°C) traverse through the microporous
membrane and are collected and condensed in various ways depending on the MD configurations
[15]. The lower operating temperature of MD compared to other thermal desalination
technologies makes it uniquely suited for integration with waste heat sources [16]. Despite the
unique advantages of MD, it suffers from low single pass recovery (i.e., maximum of 10% [17])
that impacts the operational mode and design of the system. Batch recirculation and continuous
recirculation modes of operation can overcome this limitation [17-19]. With batch operation
mode, a certain amount of feed in the circulation tank is sent to the membrane multiple times
until the salinity of the feed in the tank reaches a desired level. Although batch operation mode is
shown to have better energy efficiency than other recirculation modes [18], such unsteady state
operation may not be suitable for large scale or continuous operations [19]. Continuous
recirculation is a steady state operation mode in which input feed (makeup) to the system is
mixed with comparatively large portion of the membrane reject brine (recycle stream) and the

resulting mixed stream is sent to the membrane unit for water recovery. The ratio of recycle



stream flowrate to makeup feed flowrate, recycle ratio, is dependent on membrane configuration,

design, and energy performance of the system.

Lokare et. al [17] estimated the recycle ratio of the DCMD system for various recoveries and
showed that operating in continuous recirculation mode significantly increases the thermal
energy demand to heat both the makeup feed and the large volume of recycle stream. In another
study [18], Swaminathan and coworkers demonstrated that the performance of MD systems is
negatively impacted by vapor pressure depression caused by the system's increased operating
salinity in continuous recirculation mode. Thus, when analyzing MD systems for high recovery
applications (e.g., produced water desalination or zero liquid discharge (ZLD)), it is critical to
analyze their performance in continuous recirculation mode instead of single pass in order to

obtain accurate estimate of the desalination system's cost and energy performance.

MD configurations commonly discussed in the literature include Direct contact (DCMD), air
gap (AGMD), permeate gap (PGMD), conductive gap (CGMD), sweeping gas (SGMD), and
vacuum (VMD) membrane distillation [20-22]. Each configuration has its own set of advantages
and disadvantages that vary according to the application and operating conditions of the process.
Multiple previous studies have reported performance metrics in comparative evaluations of MD
configurations [23-30]. However, most studies have focused primarily on the effect of system
operating conditions on energy efficiency, flux, or energy consumption, without accounting for
the tradeoffs between cost and the aforementioned parameters in order to achieve optimal MD
design. Several studies have also assessed MD systems from a technoeconomic perspective as a
function of feed salinity and water recovery [31-38]. These studies have evaluated the economic
and energetic performance of specific types of MD configurations without a formal comparison

of different configurations under consistent specifications (e.g., input salinity, water recovery,



operation mode, membrane and plant characteristics). Because the estimation of an MD system's
economic and technical performance is highly dependent on the assumptions made in a study, a
formal optimization-based comparison is required to evaluate the technoeconomic feasibility of

various MD configurations within a consistent framework.

We present an optimization-based model to evaluate the technical and economic performance
of DCMD, AGMD, PGMD, CGMD, VMD, and SGMD configurations in continuous
recirculation mode. The developed optimization models are utilized to compare the treatment
costs and energy consumption of different MD configurations for treatment of hypersaline feed
and high water recovery applications, such produced water from unconventional reservoirs and
ZLD processes. Additionally, we provide an in-depth analysis of various performance metrics for
selected configurations along with discussion of theoretically optimal versus practically relevant
design of MD systems. Finally, we investigate the effect of feed and concentrate (i.e., reject
brine) salinity, inlet temperature, feed channel turbulence, gap size in gap type MD systems, and
membrane thickness on the performance of various MD configurations. To the best of our
knowledge, this is the first optimization-based study to provide a comprehensive comparative

evaluation of all MD configurations from a cost, energy, and practical perspective.

2 Methodology

2.1 Process Description

DCMD and gap type MD configurations (including AGMD, PGMD, and CGMD) include a
hot flow channel and a cold channel across a hydrophobic membrane. The cold channel in
DCMD is in direct contact with the membrane surface, whereas there is a gap between the cold

channel and the membrane surface in gap type MD. In AGMD, the gap is filled with air and



woven polymer spacers; In PGMD, the gap is filled with water and woven polymer spacers; And
in CGMD, the gap is filled with water and conductive materials [24]. The cold channel is
replaced in SGMD and VMD by an air and vacuum channel that is in direct contact with the
membrane surface. Permeation, condensation, recirculation, cooling, preheating, and heating are

the five stages in a typical membrane distillation process and are discussed below.

Permeation. Figure 1(a-d) illustrates the continuous recirculation mode of operation for
DCMD, AGMD, PGMD, CGMD, SGMD, and VMD. The hot feed from the heater enters the
membrane's hot channel. Water vapor permeates the hydrophobic membrane pores due to the
vapor pressure difference across the membrane. The vapor pressure on the membrane surface on
the hot channel side is a function of the vapor saturation temperature in all configurations. In
DCMD, PGMD, and CGMD, the vapor pressure difference is a function of the vapor saturation
temperature gradient across the membrane. Similarly, the vapor pressure differential in AGMD is
proportional to the difference in vapor saturation temperature between the hot channel membrane
surface and the cooling wall surface. However, in SGMD, the vapor pressure in the air channel
depends on the vapor content (humidity ratio) of the air, which may or may not be saturated. /¢
should be noted that in this study, sweeping gas is assumed to be air, and the terms will be used
interchangeably throughout this manuscript. In VMD, the vapor pressure in the vacuum channel

is equal to the applied vacuum pressure.

Condensation. In DCMD, permeated water condenses on the water surface on the cold
channel since there is no gap between the cold channel and the membrane. The permeated vapor
in AGMD passes through the airgap and condenses on the cooling surface, forming a condensing

film. Because the gap in PGMD and CGMD is filled with water, the permeated vapor condenses



on the water in contact with the membrane surface as soon as it exits the membrane pores. In

SGMD and VMD, moist air and vapor flow to an external condenser for permeate condensation.

Recirculation. In continuous recirculation mode, a significant portion of the brine leaving the
membrane unit is recirculated and mixed with the incoming feed, while a small portion exits the

system as reject brine.

Cooling. In DCMD, the pure water flow exiting the module's cold channel enters a heat
exchanger followed by a chiller to maintain the temperature difference across the membrane. In
gap type MD configurations, the recirculating brine is cooled before entering the cold channel
via a chiller to maintain the required temperature difference for permeation and condensation.
Similarly, the recirculating brine in SGMD passes through a chiller before entering the condenser
to provide the required cooling for condensation. In VMD, coolant exiting the condenser enters

the chiller to meet the condenser's cooling demand.

Preheating and heating. In DCMD, only pure water may be used as a coolant because
permeate condenses on the cold channel, necessitating the use of an external heat exchanger to
recover heat from the heated coolant thereby pre-heating the feed. Similarly, in SGMD, the
recirculating brine and makeup feed are preheated by routing them through an external
condenser. Because all gap type membranes (AGMD, PGMD, CGMD) have separate permeate
and cold channels, the feed (a mixture of cooled recirculating brine and makeup feed) can be
used as the coolant in the cold channel, recovering heat directly from the hot side of the
membrane. In VMD, the temperature of the recycle stream at the module's exit is always greater
than the temperature of the vapor on the vacuum side. As a result, no effective heat recovery is

possible in the external condenser for the recycle stream and only the low-temperature makeup



feed will recover some heat by passing through the external condenser. The VMD’s recirculating

brine bypasses the chiller and flows directly into the heater.
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Figure 1. Membrane distillation configurations in single stage continuous recirculation
operation mode:

a) DCMD, b) Gap type MD, ¢) SGMD, d) VMD

2.2 Optimization model description

For each membrane configuration, the optimization model incorporates the governing
thermodynamic processes as equality and inequality constraints. This model is expressed as a
nonlinear programming problem with the objective of minimizing the total cost of treated

produced water for a given recovery:
minTUC (y),y = (T,M,X)T € R
s.t. @(y)=0

Py) <0

Temperature, salinity, and flowrate of all streams are independent variables to optimize, while
recirculation ratio, total membrane area, module length and width, heat exchanger and condenser

total area, required heating steam, chilling energy, and pumping energy are dependent variables.



It should be noted that in our initial optimization models, we entered membrane thickness as a
constant parameter and used one of the commercially available membranes with a known
permeability coefficient and active layer thickness of 0.06mm (Appendix table A2 contains a
comprehensive list of membrane properties) [39]. However, in order to investigate the effect of
membrane thickness on treatment costs, we performed a second round of optimization with

membrane thickness as one of the variables to be optimized:
min TUC (y),y = (T,M, X, 8,,)T € R
s.t. @(y)=0

Y@y <0

We assume that all configurations operate at steady state and heat loss in equipment is
negligible. It is assumed that permeate exits the membrane pores with zero salinity.
Additionally, we assume that film gravitational condensation occurs in the airgap for AGMD
configuration. The optimization problem in this study is solved using the General Algebraic

Modeling (GAMS) software and the local solver CONOPT [40].

2.3 Modelling membrane distillation process

To model large-scale modules, each membrane module is divided lengthwise into a number of
slices and mass and energy balances are established for each slice. This section will outline the
general structure of heat and mass transfer in the membrane distillation process. The detailed
equations and correlations used to model each type of MD configuration are summarized in the

appendix in tables A.5- A.7.



The permeability coefficient and pressure difference across the membrane determine the mass

flux through each slice (Equation 1).
J* = BAp? VzEZ (1)

The mass change along each slice of the hot channel is proportional to the area of the slice and the

mass flux (Equation 2).
AM? = —]J%2AA” Vz€ELZ 2)

The mass change along the cold channel is determined by whether or not the cold channel
receives permeate. The flowrate along the cold channel does not change in the gap MD
configuration, but it changes in the DCMD, VMD, and SGMD configurations as shown in Equation

3.
AM? = JZAA? VzeZ 3)

As no salt passes through the membrane, the absolute mass of salt along the hot channel remains

constant while concentration varies from the inlet to exit (Equation 4).
AM?ZXZ =0 VzeZ 4)

Convection heat transfer occurs through cold and hot channels, while various combination of
evaporation and conduction heat transfer occurs through intermediate channels. The convective
heat transfer coefficient is used to estimate convective heat flux, and the thermal conductivity
and thickness of the heat transfer medium are used to calculate conduction heat flux (Equations 5
and 6).

q(Z:onv = hZ(ATZ) VzeL (5)

k
Qona = 5 (AT?) VzEZ (©6)



The evaporative heat flux is proportional to the mass flux and enthalpy of evaporation

(Equation 7)
q%(T) = J*HZ(T) VzEZ (7
where,

HY(T) = H§(T) + Ha(T) VZELZ ®)

The enthalpy change along each slice of the cold and hot channel is proportional to the

convective heat flux and area of the slice (equation 9)

MZAH? = g2, AA? VZEZ 9)

2.4 Performance measurement criteria

Several performance criteria are used in this work to compare the performance of various MD

configurations and are described below.

Gain output ratio, thermal efficiency, and energy recovery. The gain output ratio (GOR),
is a measure of a desalination system's thermal energy performance. It is defined as the ratio of

the total heat of permeate evaporation to the total heat of consumed steam (Equation 10).

zMp,hy.
=ZZqVZ=Z pzlvy (10)

GOR Qs Mshy,

GOR is dependent on the thermal efficiency (1,) and heat recovery ratio (HR) of MD
systems. The thermal efficiency (Equation 11) of a membrane is defined as the ratio of the total

enthalpy of the permeated vapor to the total heat transferred across the membrane (Q.):

Yz Qv Yz Qv
= 11
Qt ¥2(Mp,hy, +av,) (b

Nth =



The overall heat recovery ratio is defined as the ratio of total heat recovered within the MD
system to total heat consumed for separation (which is the sum of heat recovered and external

heat of steam):

HR — QR (12)

overall — QurR+Qs
The heat recovery ratio within the MD module is defined as the ratio of heat recovered by the

MD's cold channel flow to total heat consumed for separation:

_ Q¢
HRup = Qur+Qs 3)

The heat recovered in AGMD, CGMD, and PGMD systems with direct heat recovery is equal
to the total heat transferred through the membrane (Qur = Q, and HRyyeran = HRyvp). In
DCMD and SGMD systems with external heat exchangers for heat recovery, the heat recovered

is equal to the heat transferred through the heat exchanger. (Qur = Qnyx, and HRgyeran =
HRvp %) For systems with insignificant heat recovery, such as VMD configuration considered
t

in this study, the total heat transferred through the membrane is almost equal to the total heat of
steam (Q¢~Qs). This is especially true when the recycle stream flowrate is high in comparison to

the makeup feed flowrate in VMD. By combining equations 10- 13, and defining the external

heat recovery factor as (f,,x = % )we obtain the following:
t

GOR = nn ! (14)
= Nen o for AGMD, PGMD, and CGMD
GOR —MD_ for DCMD and SGMD (15)

= Mth 5 HRyp
~ MNth for VMD



In the remainder of this analysis, we will refer to the overall heat recovery ratio as the heat
recovery ratio, and the above equations were developed solely to illustrate the relationship

between the GOR, the heat recovery ratio, and the thermal efficiency.

Recovery Ratio and single pass recovery ratio: The recovery ratio (RR) is defined as the ratio
of permeate production to the system's makeup feed flowrate (Equation 16). Single pass recovery
(SPR) is defined as the ratio of permeate production to total input feed to the MD module, i.e. recycle

stream plus makeup feed (Equation 17).

_ 2zMp,
RR === (16)
SPR = ﬂ (17)
M¢+Mrec

Recycle ratio is defined as the ratio of the recycle stream to the input makeup feed (Equation

18).
RecR = ™ (18)

The specific area of a membrane is defined as the area of the membrane per unit mass of feed

entering the MD module (Equation 19).

_ At
s =
Mrec+Mrec

A 19)

3 Results and Discussion

The optimization model is applied for a hypothetical produced water treatment plant with a
treatment capacity of 10 kg/s (~0.25 million gallons per day), concentrating produced water with

10% (100,000 mg/Liter) TDS to brine with 30% TDS corresponding to saturation conditions to



make the system capable of integration with crystallizers for ZLD operation. The model input
parameters, including plant characteristics, membrane properties, and capital and operating cost

data, are provided in Tables A.1 to A.4. in the Appendix.

3.1 Treatment cost

Figure 2a shows a comparison of the produced water treatment cost obtained from the
optimization model for the studied MD configurations. AGMD outperforms all other
configurations with $4.57/m>geq treatment cost followed by CGMD, DCMD, SGMD, VMD, and
PGMD with 7.8, 8.7, 9.8, 11.63, and 24.61$/m3fecd, respectively. The operating cost accounts for
the majority of the total treatment cost and is the primary reason for treatment cost differences
across configurations. Energy costs for heating and cooling are the two largest components of
operating costs (Appendix Table A.8). DCMD and SGMD have the highest capital costs,
followed by PGMD, CGMD, AGMD, and VMD. The high capital cost of DCMD and SGMD is
primarily due to the large surface area external heat exchanger and condenser, respectively.
DCMD also has a relatively high installation cost because it has two separate loops with high
flowrates for the cold and hot sides. The chiller and installation costs account for the largest
share of the PGMD relatively high capital cost because of the high recycle stream flowrate. The
membrane cost is a significant component of the AGMD and CGMD capital costs with AGMD
requiring large area and CGMD with expensive conductive material. Among all configurations,
VMD with small membrane area, small condenser surface area, and low recycle stream flowrate
has the lowest capital cost. It is worth noting that we assumed that complete condensation occurs
in the external condenser of the VMD. As a result, the vacuum pump removes only non-
condensable gases, resulting in a negligible vacuum pump operating and capital cost in

comparison to other cost components.



It is worth noting that we assumed the price used for heat exchanger to be applicable to the
conductive material filling per unit of area. Accurate cost estimate for conductive materials
suitable for CGMD application is necessary and should be studied in the future. Conductive
filling materials include metal mesh, metal foam, and finned plate. Metal mesh is ineffective
because it does not increase conductivity to the levels considered in this study. Metal foams are
also extremely costly and the conductive material assumed in this study is finned plate and has
been tested previously [21]. Furthermore, the material and cost of the condenser in SGMD and
VMD are assumed to be identical to those of the metal plate and frame heat exchanger.
Alternative materials (e.g. plastics) and dehumidifiers with innovative designs [41, 42] could

offer the potential to lower costs and should be investigated in future studies.

3.2  Flux and total membrane area

The operating flux and total membrane area of the studied membrane configurations
corresponding to their lowest treatment cost are shown in Figure 2b. With the largest membrane
area, AGMD has the lowest flux of 2.1 L/hr/m? (LMH), while VMD and DCMD with lowest
membrane areas have the highest fluxes of 14.6 and 12.8 LMH, respectively. The maximum
salinity at the membrane interface is set to 30 % for modeling purposes to prevent oversaturation
due to concentration polarization. As a result, the maximum operating flux of each MD
configuration is constrained by the concentration polarization, which is determined by the hot
channel flow Reynolds number. This is particularly important in applications where MD works

at high salinities, such as the ZLD condition studied here.
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3.3 GOR and specific area

The GOR and specific area for the studied MD configurations are shown in Figure 3a. The
energy consumption in MD systems is inversely proportional to their GOR, and systems with
higher GOR have lower heating and cooling costs. AGMD with a GOR of 3.6 has the best
energy performance, while PGMD with a GOR of 0.5 shows the lowest energy performance
among all MD configurations. The GOR is governed by the thermal efficiency and energy
recovery of the MD systems, both of which depend on the membrane specific area and heat and
mass transfer resistance through membrane channels. Specific area is an indicator of optimum
area for heat and mass transfer per unit mass flowrate through the hot channel. Unlike total
membrane area, specific area is unaffected by plant capacity or recycle ratio, making it easier to
compare the energy performance of different MD systems. For example, despite having a
significantly larger total membrane area than DCMD, CGMD, and VMD, PGMD has roughly
the same specific area as these configurations. Except for the VMD configuration, higher
specific area results in greater energy recovery and lower thermal efficiency, resulting in a
specific area with a unique combination of thermal efficiency and energy recovery that yields the
highest GOR [24]. When minimizing the total unit cost of the system, the obtained optimum
specific area is influenced by the tradeoff between membrane cost, pump cost (or blower cost in

the case of SGMD), and GOR (corresponding to steam cost).

3.4  Thermal efficiency and heat recovery

Figure 3b shows the thermal efficiency and overall heat recovery for the lowest treatment

cost for the six MD configurations. In the following section, we will investigate the primary



cause of the difference in energy performance of various MD configurations by comparing each

configuration's thermal efficiency, heat recovery, and specific area to others.

3.4.1 VMD

The highest thermal efficiency is achieved by VMD due to its vacuum channels, which
prevents heat conduction. As previously stated, there is insignificant heat recovery in the VMD
module when operating in single stage continuous recirculation mode, and its GOR is
approximately equal to the system's thermal efficiency. As a result, VMD achieves a relatively
low GOR in comparison to other configurations (excluding PGMD) with higher heat recoveries.
The underlying reason for poor performance of PGMD will be explained in detail in subsection

3.4.5.

3.4.2 AGMD

Following VMD, SGMD and AGMD have the highest thermal efficiency due to their air
channels that limit heat conduction. Although both AGMD and SGMD have air channels,
AGMD has slightly lower thermal efficiency than SGMD because: 1) AGMD has larger
membrane area with lower average temperature difference across the module, 2) sweep gas in
SGMD is not always saturated along the module, and evaporation in this module is not always a
function of saturation temperature, which is affected by module size, and 3) SGMD has lower

mass transfer resistance than AGMD because of the sweep gas flow.

The design of an AGMD system is primarily affected by the trade-off between membrane
cost, pumping cost, and steam cost. The high thermal efficiency and mass transfer resistance in
AGMD make it possible to operate with large specific area and low flux, resulting in relatively

high energy recovery and the highest GOR among other configurations. By operating at specific



areas larger than the cost optimum specific area, AGMD can achieve higher GOR than the cost
optimum GOR (shown in figure 3a). Membrane and pumping costs, however, limit operation in

large specific areas.

3.4.3 SGMD

SGMD has a lower GOR than AGMD, despite having a higher thermal efficiency. This is
primarily due to the limited heat recovery in SGMD compared to the AGMD. The optimum
design of SGMD is primarily influenced by the tradeoff between blower, condenser, and steam
costs. The amount of steam consumed is inversely proportional to the amount of heat recovered
within the external condenser. Heat transfer and heat recovery in the condenser for SGMD
configuration are dependent on the sweep gas temperature, which has a direct effect on the cost
of the condenser via the terminal temperature difference. The convective heat transfer coefficient
of air flow is low, and vapor flux condensation occurs primarily outside the membrane module in
the condenser, resulting in slow temperature rise for air along the module. The amount of
temperature rise in the sweep gas is determined by the membrane area and the air flow
convective heat transfer coefficient, which is directly linked to the air flow Reynolds number.
Higher Reynolds numbers for air flow, on the other hand, translate to higher blower costs. As a
result, SGMD operate over large membrane areas and low air flow Reynolds numbers. This has
the benefit of reducing steam consumption by allowing the air to be effectively humidified and
heated while avoiding the high capital and operating costs associated with condensers and

blowers.

We observe that the optimal ratio of hot channel (feed) to air channel flowrate is 4.6. Higher
flowrate ratios than the optimum ratio will reduce GOR because the temperature change in the

hot feed flow in both the module and the external condenser will be lower, limiting the heat



recovery ratio in the SGMD. Lower flowrate ratios also have a negative impact on system cost
by increasing the cooling requirement for external condensation due to the smaller volume of

water.

3.4.4 DCMD and CGMD

Because CGMD and DCMD have lower mass transfer resistance and lower thermal efficiency
than AGMD, these configurations achieve slightly lower heat recovery with relatively smaller
specific areas and higher flux. The higher thermal efficiency of AGMD compared to CGMD and

DCMD also results in a significantly higher GOR, more than twice that of CGMD and DCMD.

DCMD and CGMD have lower thermal efficiency and higher heat recovery in comparison to
SGMD, resulting in nearly identical GOR for all three configurations. However, despite having
similar GOR, SGMD has a higher treatment cost than DCMD and CGMD due to the condenser

capital cost and blower operating cost.

DCMD has slightly higher thermal efficiency with slightly lower heat recovery than CGMD,
but they both produce roughly the same GOR. The conductive gap channel causes slight
temperature increase on the condensation surface in CGMD, resulting in lower thermal
efficiency compared to DCMD. In comparison to CGMD, DCMD suffers from an external heat
exchanger with large surface area (~4 times the membrane area in this study) and high capital
cost, resulting in lower heat recovery ratio. However, DCMD has two advantages that
compensate for the limited heat recovery in the external heat exchanger, resulting in the same
GOR as CGMD for the cost-optimal design: 1) The hot brine at the module exit is not cooled by
a chiller in DCMD resulting in a lower total heat (external steam plus recovered heat) required

for the separation process, and 2) Unlike gap type MD configurations, DCMD has a degree of



freedom on the cold (permeate) side flowrate, which need not be equal to the hot side stream
flowrate. It has been argued previously that for single pass DCMD, the ratio of cold to the hot
side flowrate has an important role in optimum performance of MD system [43]. Low flowrate
ratios are associated with a rapid rate of temperature change on the cold side, limiting mass
transfer along the DCMD module, while high flowrate ratios are associated with a slow rate of
temperature change on the cold side, limiting heat recovery in the external heat exchanger. For
the specified operating conditions in this study, the analysis shows that the optimum cold side to
hot side inlet flowrate ratio for DCMD in continuous recirculation mode is 0.79. Increasing the
flowrate ratio from 0.79 to 1 for DCMD (as in gap MD configurations) has a negative impact on
system performance, resulting in a 22% reduction in GOR and an 18% increase in total treatment
cost. This is mainly because at higher flowrate ratio, the increase in cold side temperature is
lower which results in smaller terminal temperature difference in the heat exchanger for higher
heat recoveries. Further, the high capital cost of heat exchanger at higher flowrate ratio limits

heat recovery in a cost-optimal design, resulting in lower GOR and higher cost.

345 PGMD

While PGMD has comparable specific area to DCMD and CGMD, it has lower thermal
efficiency and heat recovery. This is because the condensation surface in PGMD is at the
interface of permeate gap and membrane. The permeate gap serves as an additional heat
resistance layer between the condensation surface and the coolant channel. As a result, the
saturation temperature and pressure on the PGMD condensation surface increase, while the
average temperature difference across the membrane decreases, resulting in a reduction in both
thermal efficiency and heat recovery. This also explains why adding conductive material to

CGMD or eliminating the gap in DCMD improves thermal efficiency and heat recovery when



compared to PGMD. Additionally, VMD with minimal heat recovery (exclusively via makeup
feed) has a higher GOR than PGMD with heat recovery. This is because VMD has a
significantly higher thermal efficiency across the module's length than PGMD. The detrimental
effect of liquid gap on PGMD thermal efficiency is more pronounced at the studied reject brine
salinity of 30% and membrane thickness of 60 micrometer. This is described in greater detail in

the sub-section on brine salinity and thickness analysis.

3.5 Recycle ratio and single pass recovery

The recycle ratio for all configurations is determined by the single pass recovery (SPR) and
the total desired water recovery. Figure 3c illustrates the optimal SPR and recycle ratio for each
configuration in order to achieve the target recovery of 67 percent (final brine salinity of 30
percent). All MD configurations have a very low SPR (maximum 6.5 percent for AGMD), and
this translates into high recycle ratio to achieve the desired recovery. Additionally, the results
indicate that the configurations with highest thermal efficiency AGMD, SGMD, and VMD have
the highest single pass recovery and the lowest recycle ratio. Along with increased heating and
cooling demand, a high recycle ratio increases the cost of pumping electricity as well as capital
costs for equipment such as membranes, chillers, heat exchangers, and installation. This effect is

noticeable in the capital and operating costs of the PGMD with the highest recycling ratio.

3.6 Reynolds number

Different MD configurations operate at different Reynolds numbers (Figure 3d) at their
theoretical minimum treatment cost. To achieve the lowest cost, SGMD and AGMD, operate at
low Re of 50 and 317, respectively. While lower Re result in higher temperatures and

concentration polarization, these configurations achieve their theoretical minimum treatment cost



by operating under these flow conditions. Several studies, however, have shown a direct link
between increased fouling and scaling and reduced flux when operating at low Re [44-46]. As a
result, operating these configurations at such low Re may be impractical. To gain insights on
practically relevant costs, we examined SGMD and AGMD systems at higher Re. Table 1
compares the obtained treatment costs for operation at Re’s of 500, 1000, and 1500 to the ideal

minimum cost associated with low Reynolds numbers.

Tabl Treatment cost ($/m3ted) for various Reynolds
el. number
Re Optimum Re* 500 1000 1500
AG
4.57 4.65 5.55 7.22
MD
SG
9.81 224 37.5 53.1
MD

* The optimum Re values for AGMD and SGMD that result in the minimum cost (as

specified in figure 3d) are 317 and 50, respectively.

Increasing the Reynolds number for AGMD from 317 (corresponding to lowest treatment
cost) to 1500 results in a nearly 58 percent increase in the treatment cost. This is because AGMD
requires large specific area (110.705 m?/kg) to achieve the cost optimum GOR (Figure 3a). At
such large specific areas, the required energy for pumping is highly dependent on the module's
length to width ratio. As this ratio increases, the Reynolds number and module length increase,
resulting in an increase in pressure drop and required energy for pumping. To achieve the lowest
cost and high GOR while operating at large specific areas, the optimal design would have a low

length to width ratio to avoid high pumping costs. At higher Reynolds number, the module



length to width ratio increases and results in higher pumping cost. In order to avoid high
pumping costs at high Reynolds number, the system must operate at lower specific areas (49
m?/kg corresponding to Reynolds number of 1500), lowering the GOR while increasing steam

consumption and total treatment costs.

The variation in treatment cost with increase in Reynolds number is even more pronounced
for SGMD. As previously described, blower cost is a significant component of treatment cost for
SGMD systems. To achieve the lowest treatment cost and optimum GOR, SGMD has a large
specific area (63.4 m%*/kg; Figure 3a). This requires the system to operate at low length-to-width
ratios in order to avoid high blower costs, which dramatically reduces the Reynolds number on
the feed side. While the hot channel flowrate is 4-5 times that of the air channel, its Reynolds
number is an order of magnitude lower than that of air channel because of the difference in
viscosity and density of the two flow streams. As a result, when the minimum allowable
Reynolds number on the feed side is increased, the system must either operate at the optimal
specific area but with increased length to width ratios, increasing blower costs, or with a smaller
specific area, lowering the GOR and increasing steam consumption. When the Reynolds number
is increased from 50 (corresponding to lowest treatment cost) to 1500, the combination of above
two effects results in a 441 percent increase in treatment cost. It is worth noting that the air
channel thickness in this study is comparable to the cold channel thickness in other
configurations (i.e., 1.9 mm). At the same air flowrate, the lower the thickness, the greater the air
side Reynolds number, pressure drop and blower cost. Increasing the air channel thickness is one
way to reduce SGMD costs while decreasing the specific areas and increasing feed side
Reynolds number. Although increasing the thickness of the air channel reduces the convective

heat transfer coefficient, the cost savings associated with the reduced blower cost outweigh the



temperature polarization in the air stream. For example, increasing the air channel thickness from
1.9 mm to 1.9 cm reduces the cost of SGMD treatment from 53.1 to 14.9 $/m3r..a when operating

at a minimum Reynolds number of 1500.

3.7 Sensitivity Analysis

This section investigates the variation in treatment cost as a function of hot channel inlet
temperature, feed salinity, and reject brine salinity. Additional sensitivity analysis with regard to

cost data and membrane properties is provided in the appendix (figure Al and A2).



3.7.1 MD inlet temperature

The optimization model in our work has an upper bound for MD hot side inlet temperature set
to 90°C, with medium pressure steam at 140°C as the heat source. The results presented in
Figures 2 and 3 indicate that all membrane configurations operate at the maximum inlet
temperature of 90°C in order to achieve the lowest treatment cost. MD can operate at lower
temperature if a high-quality heat source is not available. Additionally, salt solubility varies with
temperature, with salts such as CaCOs, CaSO4, and Mg(OH)> exhibiting decreased solubility at
higher temperatures [44]. As such, it may be beneficial to operate the MD system at lower
temperatures to avoid scaling in the presence of these salts in the feed water. Figure 4 depicts the

variation in optimum treatment cost for different MD inlet temperatures.
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Figure 4. Variation in treatment cost as a function of MD inlet temperature

Except for VMD, lowering the MD inlet temperature increases the treatment cost for all MD
configurations. This is because systems operating at higher MD inlet temperature generate higher
fluxes initially along the module length, thereby increasing the average flux, thermal efficiency,
and single pass recovery. Additionally, higher temperature enables the system to have higher

heat recovery ratio and higher GOR.



Unlike other MD configurations, variations in MD inlet temperature has very little impact on
the cost of VMD. This is consistent with the fact that the VMD configuration has minor heat
recovery and its thermal efficiency does not vary significantly with temperature. Our analysis
indicates that lowering the inlet temperature from 90 to 70°C results in a decrease in the
optimum vacuum pressure from 17.3 kPa to 6.9 kPa, which enables high flux and avoiding large

membrane area caused by low flux at lower inlet temperatures.

3.7.2  Brine salinity

Figure 5 shows the effect of brine salinity on the treatment cost and GOR for various MD
configurations. At high recoveries, the salinity of the mixed stream (recycle stream and makeup
feed) approaches that of the reject brine. As the reject brine salinity increases, the salinity and
hence the vapor pressure lowering of the mixed stream in the hot channel increases. As a result,
the systems' single pass recovery, thermal efficiency and energy recovery are reduced, resulting
in lower GOR. Additionally, increase in the brine salinity while maintaining a constant make-up
feed salinity increases the system’s recovery ratio and required recycle ratio. As a result of the
combined effect of a higher recycle ratio and a lower GOR, the treatment cost of the systems
increases as the reject brine salinity rises. It should be noted that increasing the brine salinity has
no discernible effect on the GOR for VMD, and the treatment cost decreases solely as a result of
the change in recovery ratio. Figure 5 also illustrates that PGMD configuration is most sensitive
to changes in reject brine salinity. As the brine salinity decreases from 30% to 20%, PGMD

configuration outperforms VMD from a treatment cost point of view.
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Figure 5. Optimal treatment cost and GOR as a function of reject brine salinity. The produced

water salinity is fixed at 10%

3.7.3 Feed salinity

Figure 6 illustrates the effect of changes in produced water salinity on the optimal treatment
cost of various MD configurations for a fixed reject brine salinity of 30%. As the feed salinity
changes, the GOR and specific area of the systems remain unchanged. This is because the feed
salinity has no impact on the operating salinity of the systems operating at high recoveries. As
the system's feed salinity increases, both the recovery ratio and the required recycle ratio
decrease. Thus, increasing the feed salinity reduces the system's treatment cost solely through the
effect of decreasing the recycle ratio. Both Figures 5 and 6 demonstrate the critical effect of the
recovery ratio in determining the magnitude of the difference between various MD
configurations. As the recovery ratio increases (as a result of decreased feed salinity or increased
reject brine salinity), the cost difference between various MD systems becomes more

pronounced.
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Figure 6. Effect of makeup feed salinity on optimal treatment cost

3.7.4  Gap width in PGMD and AGMD

In AGMD, operation at small gap sizes entails a risk of flooding in the air gap, reducing
AGMD to PGMD mode of operation. As a result, larger gap sizes may be used to ensure
successful performance of AGMD configuration. The available literature does not recommend a
specific gap size as threshold for flooding because flooding is dependent on the condensation
regime and permeate removal rate. In real systems, the common AGMD size is 1 mm [47].
However, several available studies show that gaps of Imm or less are susceptible to flooding.
[24, 47, 48]. As such, we establish a baseline gap size of Imm for the ideal system and
investigate the impact of increasing the gap size on the system's surface area, treatment cost, and

GOR.

Figures 7a and b show that as the airgap size increases, both treatment cost and system area
increase while the GOR decreases. This is because the mass flux resistance increases as the gap
size increases, requiring the system with larger membrane area to achieve the same GOR as

smaller gap sizes. Simultaneously, the high cost of the membrane prohibits using a very large



area. As a result of these two effects, increasing the gap size increases the membrane area but
only to a limited extent, resulting in a net decrease in the GOR and an increase in total treatment
cost. The gap analysis presented here is based on the assumption that there is no restriction on Re
and that AGMD operates at its optimal low Re to maximize cost savings. When the effect of
increasing gap and Re are combined, the impact on AGMD performance is even more
detrimental. For instance, if AGMD must operate at Reynolds number of 1,500 and a large gap
size of at least 3 mm, the cost of AGMD increases from $4.57 to $11.29/m3feed, making it

economically unattractive.
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Figure 7. Effect of airgap size on a) optimal treatment cost b) membrane area and GOR of

AGMD

PGMD configurations are not as prone to flooding as AGMD configurations and as such, no
further analysis is provided for gap size larger than 1 mm. As previously described, the permeate
gap in PGMD acts as an additional heat resistance layer that reduces the system's performance.
As a result, the PGMD system needs to operate with smaller gap sizes to achieve better
performance. However, operation at very small gaps may be prohibitive for successful

performance of the system due to pressure buildup in the permeate gap, which prevents the



permeate from flowing out of the system [24]. As shown in Figure 8, smaller gap sizes result in
lower treatment costs, smaller membrane area and higher GOR. This is because a smaller gap
layer improves heat transfer, increasing both heat recovery and thermal efficiency, resulting in a
higher GOR. Additionally, single pass recovery increases with smaller gap sizes, lowering the
recycle ratio and requiring less total membrane area. It is worth noting that the gap size
sensitivity analysis for CGMD is not performed because this configuration benefits from
conductive material, which results in low gap heat resistance. As a result, unlike PGMD, CGMD

does not necessitate a reduction in gap size to reduce the heat resistance of the gap.

GOR

(a) (b)
o Operating cost M Capital cost 2 Membrane area B GOR
i
& 30 x 4 12
2] o
25
B E 3 0.9
v 20 V o
g 15 % & 2 0.6
2 10 % 5
S / 5 1 0.3
£ > Z :
g o s 0 0
= 0.4 0.6 0.8 1 0.4 0.6 0.8 1
Permeate gap size (mm) Permeate gap size (mm)

Figure 8. Effect of permeate gap size on a) treatment cost b) membrane area and GOR of

PGMD
3.8 Membrane thickness in MD configurations

This analysis has shown that the GOR of PGMD, DCMD, and CGMD configurations is
limited due to their relatively low thermal efficiency. Swaminathan et al. [24] highlighted the
effect of increasing membrane thickness on enhancing GOR for CGMD system, assuming

membranes as thick as 2 mm. Increasing the membrane thickness increases both conduction heat



resistance and mass transfer resistance, resulting in higher thermal efficiency and lower flux. In
order to study the effect of membrane thickness on treatment cost, we use optimization models of
DCMD, PGMD, and CGMD configurations with membrane thickness as the optimization
variables. We then compare the optimum thickness that yields the lowest cost for each

configuration with the results obtained using commercially available membranes (0.06 mm

thickness).
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Figure 9 shows optimum membrane thickness and a comparison of the treatment cost,
membrane area, and GOR corresponding to optimum membrane thickness and actual membrane
thickness of commercially available membrane (0.06mm thickness). All three configurations
have optimum membrane thickness higher than 0.06 mm. These thicker membranes improve
treatment cost and GOR in all configurations, but the membrane area increases because of
reduced flux. To compensate for the negative effect of the permeate gap on thermal efficiency,
PGMD requires a higher optimum thickness than DCMD and CGMD. PGMD also achieves the
greatest cost savings and improvement in GOR as compared to DCMD and CGMD when
operated using membranes with optimized thickness. This indicates that amongst all
configurations, PGMD treatment cost shows the highest sensitivity to membrane thickness.
When a sufficiently thick membrane is used, the GOR and cost performance of PGMD is

comparable to that of CGMD and DCMD, but with a larger membrane area and lower flux.

The treatment cost of PGMD decrease to $8.09/m>tea when optimum membrane thickness is
used but a large membrane area of ~16,000 m?> would be needed for a hypothetical treatment
plant. This analysis is based on the constant permeate gap size of 1 mm. The combined effect of

reducing the gap size (1 mm to 0.6 mm) and using the optimal membrane thickness results in the



treatment cost of $8.06/m3weq for PGMD with a total membrane area of 8,995 m?2, which is
comparable to the DCMD heat exchanger area but significantly less than that membrane area
need in the AGMD system. In comparison to DCMD, CGMD has a lower optimum thickness
because it can achieve high energy recovery and GOR with lower membrane thickness due to
direct heat recovery within the module. Additionally, unit membrane cost for CGMD is higher
than DCMD due to the additional cost of the conductive material. When operating at higher
thickness and correspondingly large area, this results in a significant rise in CGMD cost due to
the increased cost of the membrane, which counterbalances the benefit of increased thickness in

terms of lowering the system's energy cost.

Cost-optimal design of each MD configuration requires consideration of numerous factors
and theoretically cost-optimal design may not be the most attractive from a practical viewpoint.
CGMD exhibits encouraging performance at reasonably high Reynolds numbers, resulting in a
treatment cost of $7.8/m3teq and membrane area of 2,250 m? which decreases to $6.7/m3eq and
membrane area of 5,260 m?> using a membrane with optimal thickness. The optimal treatment
cost for DCMD configuration is $8.7/m3eeq with a relatively high Reynolds number and a small
membrane area of 2,000 m? but a large external heat exchanger of 8,000 m? The cost of DCMD
drops to $7.7/m*wea When a membrane of optimal thickness is used, while the membrane area
increases to 6,000 m? and the external heat exchanger area decreases slightly to 7,500 m?. Given
the performance degradation of AGMD at high Re and large gaps, uncertainty in CGMD
conductive material cost, the required membrane area (and hence system footprint), current
availability of membranes with the desired thickness, and the process' practical success, DCMD

appears to be the most attractive configuration from a practical viewpoint. With further



advancements in material types, thickness of MD membranes, and precise cost estimates for the

conductive material, other MD configurations may have the potential to outperform DCMD.

4 Conclusions

We developed optimization models for the single stage continuous recirculation MD process
for six MD configurations (DCMD, AGMD, PGMD, CGMD, VMD, and SGMD) with the
objective of minimizing total unit cost of produced water treatment at ZLD condition. Stream
properties (temperature, salinity, flowrate), membrane geometry, heat exchangers area, required
energy (steam and electricity) are the optimization variables. We performed two series of
optimization, one with membrane thickness set constant and the other with membrane thickness
as one of the optimization variables. We compared the cost, membrane area, flux, specific area,
GOR, thermal efficiency, heat recovery, single pass recovery, recycle ratio, and stream flow
Reynolds number of the optimal design of the MD configuration. Additionally, we performed
sensitivity analyses for the inlet temperature of the hot channel, feed salinity, brine salinity, and
the gap size to study their effect on MD performance. The analysis was conducted for a
hypothetical treatment plant with a capacity of 10 kg/s concentrating hypersaline produced water

from 10% to 30% salinity. The following are the major findings from the study.

- For Imm gap size and membrane with thin active layer of 0.06 mm, AGMD yields the
lowest treatment cost of $4.57/m>geq, followed by CGMD, DCMD, VMD, SGMD, and
PGMD with treatment cost of 7.8, 8.7, 9.8, 11.63, and $24.61/m>fccq, respectively.

- Energy cost of heating and cooling constitute the major portion of the total treatment cost

for all configurations. AGMD requires lowest energy with GOR of 3.6 and PGMD



requires the highest energy with GOR of 0.5. VMD, SGMD, and AGMD have the highest
thermal efficiency, while AGMD, DCMD, and CGMD have the highest heat recovery.
AGMD has the lowest flux of 2.1 LMH with the largest membrane area, while VMD and
DCMD with the smallest membrane areas have the highest fluxes of 14.6 and 12.8 LMH,
respectively.

SGMD and AGMD operate at low Re of 50 and 317, respectively, to achieve the lowest
cost, whereas all other configurations have Re greater than 1000. Increasing the Reynolds
number of the SGMD and AGMD significantly increases their cost.

All MD configurations have a low single pass recovery (up to 6.5 percent for AGMD)
and a high recycle ratio. The highest single pass recovery and lowest recycle ratio are
found in thermally efficient AGMD, SGMD, and VMD configurations.

For all MD configurations, decreasing the MD inlet temperature increases the treatment
cost (excluding VMD). The optimal vacuum pressure in VMD decreases as the inlet
temperature decreases to maintain the high flux.

When the brine salinity remains constant, increasing the feed salinity lowers the
treatment cost because of the decrease in recycle ratio. The GOR of the system is
independent of feed salinity at high recoveries. At high recoveries, the operating salinity
of MD is highly dependent on brine salinity. Increasing brine salinity raises treatment
costs due to a decrease in GOR and an increase in recycle ratio at constant feed salinity.
In AGMD and PGMD, increasing the gap size increases membrane area while lowering
GOR and treatment costs. PGMD may operate over smaller gap sizes, whereas AGMD

requires larger gap sizes to avoid flooding. This reduces the difference in treatment costs



between these two configurations when comparing AGMD with larger air gap size than
permeate gap size in PGMD.

- The optimum thickness of the membrane in DCMD, CGMD, and PGMD is greater than
the constant thickness of 0.06 mm, with PGMD having the higher optimum thickness
than the other two. By operating at their optimal thickness, the GOR and area of the

configurations, particularly for PGMD, increase, while flux and treatment cost decrease.
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Nomenclature
Acronyms
AF Amortization factor
GOR Gain output ratio
CC Capital cost @
m3
oC Operating cost @
m3
LMTD Log mean temperature difference
Roman
symbols
A Area m?
B Membrane Permeability kg



kmass

Membrane Permeability coefficient

Heat capacity.

Solute diffusion coefficient

Vapor diffusion coefficient into air

Spacer filament diamater
Membrane channel hydraulic diameter

enthalpy

Convection heat transfer coefficient

flux

Thermal conductivity

Mass transfer coefficient

Membrane length

Mass flow rate

Molality

Molar flowrate

Nusselt number

Partial pressure

s.m. Pa

=
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mol
kg

mol

Pa



PD

Pr

Re
Sc

Sh

Greek

symbols

AT

AA

Total pressure

Pressure drop

Prandtl number

Heat flux

Universal gas constant

Reynolds number
Schmidt number
Sherwood number

Temperature

Overall heat transfer coefficient

Velocity

Membrane width

Salinity (weight percent)

density

viscosity
Temperature difference
Slice area

Activity coefficient

Pa

°C

kW
K 2

3
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%



subscripts
a

ave

ch
cond
conv

cw

hx

in

Mix

thickness

Terminal temperature differences in heat exchangers

Energy efficiency

porosity

Air side
average

Bulk

Cold side
chiller
conduction
convection
Cooling wall
evaporation
Make up feed
Falling film
gap

Hot side

Heat exchanger
inlet

Liquid
Membrane surface

Mixture of makeup feed and recycle stream

°C

%

%



out outlet

p Permeate
rec Recycle stream
sat saturation
sl Saturated liquid
sp spacer
sv Saturated vapor
v vapor
vac Vacuum side
superscripts
z Slice number
firstz First slice
lastz Last slice
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Appendix

The data and parameters used in the modeling process are listed in Tables A.1 to A.4.

Table A.1. Plant characteristics and annual cost estimation (baseline

values)

Produced water temperature (°C) 2



0
Produced water salinity (%) 1
0
Reject brine salinity (%) 3
0
Plant capacity (kg/s) 1
0
Steam temperature 1
40
Maximum stream temperature (°C) 9
0
Minimum stream temperature (°C) 1
0
Maximum stream salinity (%) 3
0
Plant life (year) 2
0
Interest rate (5) 5

Table A.2. Membrane properties (baseline values)

(

Membrane type PTFE with PP support
Membrane permeability  coefficient® 0.936 x 10710
Membrane thermal conductivity (%) 0.000242
Overall thickness of the membrane 148 pm




Active layer thickness (um) 60 [39]

Membrane porosity (%) 60 [39]

Support thermal conductivity (%) 0.00023 [391]

Air thermal conductivity (%) 0.000024

Conductive gap thermal conductivity 0.01 21]
()

Permeate gap thermal conductivity (%) 0.00006 [21]

Gap size (mm) 1

Air gap spacer thermal conductivity 0.0002 [24]
()

Condensing surface thickness (mm) 1.5

Cooling wall thermal conductivity (%) 0.06

Spacer porosity 77% [39]

Spacer thickness 1.9 mm [39]

Filament diameter 1.2 mm [39]

Overall heat transfer coefficient (liquid- 13 % Assume
liquid heat exchangers) d

Overall heat transfer coefficient (liquid- 2% Assume
condensing vapor heat exchangers) d

*calculated using the production of the active layer thickness and membrane permeability (B, = B X §,,)

obtained from ref [39].

Table A.3. Capital cost data (baseline values)

Capital Cost Base price Base capacity Scale Ref.

up



coefficient
Membrane (AGMD, PGMD, CGMD) 90 (= [35]
m
Membrane (DCMD, VMD, SGMD) 56 (iz [35]
m
Membrane Module (AGMD, PGMD, 2340 ( $ ) 3 modules 0.8 [35]
module
CGMD)
Membrane module (DCMD, VMD, 1080 ( $ ) 3 modules 0.8 [35]
module
SGMD)
CGMD conductive material* 390 (i) assu
m2
med
Feed water storage Tanks 0.5 (il) [36]
ga
Permeate water storage Tanks 0.4 (il) [36]
ga
Heating and cooling installation each 5 10 (m_3) 0.6 [35]
h
Heat exchanger 390 (iz) [35]
m
Heat exchanger endplate 950( z ) [35]
module
Chiller 200 (=) [38]
Pump 9052.35 [49]
$
&)
Pump 271.57 1 (htﬁ) 0.9 [49]
S
$
(=rr)
Blower 675.36 1 kW 0.5135 [50]

* For CGMD membrane, the gap conductivity is increased by filling the gap with conductive material such as
metal mesh, metal foam, or using finned condenser surface. [21]. We assumed the specially designed finned copper
surface in reference [21] with thermal conductivity of 10 % is used in CGMD. This process incure additional cost

per square meter of membrane area to the system. Since this CGMD is developed in the lab scale we don’t have any



data about the amount and total cost of the material used to obtain thermal conductivity of in the gap. Therefore, for
the purpose of this study, we assumed the same price used for heat exchanger to be applicable to the conductive

material filling per unit of area.

Table A.4. Operating cost data (baseline

values)

Operating cost Ref.

Steam 0.008 (kié) [36]

Electricity 0.069(&) [36]

Membrane replacement Every four Assu
years med

Pretreatment cost 0.058 [35]
(o)

Methodology

Our modeling closely follows the approaches described in references [21, 23, 42, 48, 51-53],

as summarized in tables A.S. and A.6, followed by correlations in table A.7.

It is worth noting that we assume that only the active layer contributes to mass transfer, as
demonstrated in [54], and that the support layer has a negative impact on heat transfer, as

described in [55].

Table A.5. Heat balance equations for MD systems

Heat flux for z € Z

DCMD AGMD PGMD/CGMD SGMD VMD
Convecti
ve heat -hot Q%onv, = hi; (T}fb - Tﬁm)
channel




Convecti

ve heat -cold

channel

q%:onvc = hkzl (Tczm - TCzb)

Conducti

ve heat-

membrane

k
qiondm = i (Tlfm - Tsz)

k
qﬁondm = i(Tﬁm - ngm)

k
qf:ondm = 6_m (Tﬁm - Ta%m)
m

Conducti

ve heat-gap

k qz
g z cond,
qZ =—(T - g
condg 6g _ 6ff( 8 .
_ 8

Conducti
ve heat-

falling film

q%:ondff = (S_:: (szf —T&w)

Vapor
expansion

heat

Qixp

Py
=RT; log (P m)

vac

Heat of
evaporation/

condensation

qe(T) = J*Hg(T)

Heat of

condensation

in air

channel

q¢(T) =JcHe(T)

Heat balan

cesforz € Z

DCMD

AGMD PGMD/CGMD

SGMD

VMD

Heat

balacel

qgonvh = qf:ondm + qé(Tﬁm) + C%’(Tlfm - Tlfb)

q%:onvh
= qZep + q3(TE)

+ cg(Tﬁm - Tﬁb)

Heat

balance2

qgonvc
= q%:ondm + qé(Tczm)

+ (T8, = TE,)

z
qconv,
q%:onvC = qf:ondff + C%’(szf
= qf:ondm
- Tczp)
+qe(Tg,.)

z
Qconv,

— 42

- qcondm

+ CEV(Tﬁm - T:b)




Heat

balance 3

YA —_ YA
Gcondy, = Ycond,

(ﬁondm + qg (ngm)

— 42
- qcondg

Heat

balance 4

Ky
q%ondff = 6_ff (szf - TCZP)

Enthalpy balance for z € Z

DCMD

AGMD

PGMD/CGMD

SGMD

VMD

Enthalpy
balance-hot

channel

qgonvh LZW = Mlzlin ClZ) (Tﬁin - T}fout)

Enthalpy
balance-cold

channel

q%onchzW = M(z:mclz) (TZ

— Z
Cout Tcin

)

q%onvC LW + q% (Tazb
= (lvlginclz:‘a + m‘z’inclz)")

x (12 —TZ

dout ain)

Enthalpy
balance-

heater

Mshvs = (M¢+ Mrec)cp (Tc

_ Z
hxout Thin

),z=1

MshvS =
(Mg +
Mrec)cp(Tmix - T}fin)v

7=1

Enthalpy
balance-
external heat
exchanger/

condenser

(Mg

+ Mrec)Cp (T

Chxout
- Tmix)

=M, Cp (Thhxin_Thhxout)

z = lastz

(Mg

+ Mrec)Cp (T

Chxout

- Tmix)

— M2 firstz __ lastz
- Main (Taout Tain )

+ Mptothv (Tsat)

(Mg
+ Mcoolant)cp (Tchxout
- Tmix)

= Mptothv (Tsatvac)

Chiller

energy

demand

Qch
= Mgincp (Thhxin - TChout)
/COP

z = lastz

Qch = MyecCp(TE,, — Ten,,,)/COP

z = lastz

Qch
= Mcoolantcp (Tchin

- TChout)/COP

Heat

transfer area

Ahx,cond,heater - Uh
X

QnxLMTD




Table A.6. Mass balance equations and correlations for MD systems

Mass balance

DCMD AGMD PGMD/CGMD SGMD VMD
Hot channel ME, = Mpec + Mg z=1
Mﬁout = Mﬁin - M]Z3 Z€Z
MLM = Mec + My z = lastz
Mﬁoutx}zlout = M}Zlin X}zlout zZ€ Z
Cold channel Mg +Mj = MZ Mg, =MZ  =Mp =M+ M M3 =M;Z . Mz + Mg
ZEZ M\z/in + M]ZD = ‘zlout
= M‘Zlout + MlZ)
Permeate mass ME = J*L2W
Z€Z
Mptot = Z Mlg
Z
Mass flux
DCMD AGMD PGMD/CGMD SGMD VMD
Z
Permeate flux J=B ( szathm - Pszathc) J*=B (Pszathm - PSzatff) J J*=B ( szathm - Pazb) J=B (Pszathm - Pvzac)
= B( szathm
- szatgm)
Air channel - - - Ny -
P, = P,
T+, T
partial vapor
: Pab < Psatab
pressure
Saturation P <23 £377 4016.3632 )
=a X ex . -
sat P T + 273.15 — 38.6339
pressure
o 1 1
Permeability B = 63_0 B <6_m N 8y — 8ff> B = SB_O B <5_m + dp, ) B = SB_O
coefficient " Bo Ba " Bo ~ Bash "
air gap/channel - B = Dap My - -
“ " RTue




permeability
coefficient
Diffusion - 1.895 x 1075 x T2072 -
ab = P
T
coefficient
Falling film o= a1 — pv)8SF déy
1 dz
thickness
. Z
Concentration X2, = XZexp ( J )
L. KimassP
polarization
Table A.7. Correlations
Brine heat capacity Cp = 15.556m? — 241.78m + 4116.9 [
18]
Brine viscosity u = 2.239 x 10~*m?%2306 [
18]
Brine density p = 1028.58 + 38.23m — 1.043m? [
18]
Brine thermal conductivity K = 0.6465 — 00581 x 10™3m — 0.000154 X 10™*m? [
18]

Effective thermal . Kgas(1 + 2B(1 —€))
eff — 1-— B(l _ E)

conductivity of a porous

' _ (Rsotia — kgaS)/
medium B - (ksolid + Zkgas)

56]

Brine activity coefficient a=1-0.03112m — 0.001482m?

57]

Hydraulic diameter 4 = 4edSs,
" (2ds + 4(1 - £)8sp)

58]




Velocity V= Min
(WinBspep)
Reynolds number _ pVdy
1
Prandtl’s number nCp
Pr=—
k
Schmidt number Sc = L
p.D

Sherwood number

Sh = 0.162Re%6565¢0-333

Membrane Nusselt number Nu = 0.162Re?656pr0-333 [
59]
Condenser Nusselt number  Nu = 0.37Re®7Pr®-33 [
50]
Mass transfer coefficient D.Sh
mass — — ;7
dp,
Pressure drop 189.3\ pV? [
PD = (0.42 + )—
Re Zdh
60]
Enthalpy of evaporation H, = 2501.897149 — 2.407064037 T + 1.92217 X 1073T — 1.5863 [
X 10_5T 61]
Saturated water enthalpy Hg = —0.033635409 + 4.20557011 T — 6.200339 X 1074T? [
+ 4459374 x 107°T3 61]
Table A.8. Detailed treatment cost split for various MD configurations ($/m3fecd)
AGM DCM CGM PGM SGM
VMD

D D D D D




Chiller 0.03 0.08 0.08 0.28 0.08 0.13
Heat
0.01 0.91 0.011 0.03 1.33 0.05
exchangers
Membran
e and 0.38 0.06 0.279 0.14 0.17 0.04
Capital | modules
costs Installatio
ns (pumps 0.09 0.11 0.08 0.101 0.07 0.04
and pipes)
Blower - - - - 0.01 _
Vacuum
- - - - - 0.01
pump
Chilling 1.16 2.79 2.64 9.48 2.59 4.33
Heating 1.77 3.87 3.81 13.13 3.94 6.59
Membran
e 0.85 0.14 0.25 0.31 0.38 0.09
Operati | replacement
ng costs Pump 0.08 0.5 0.51 0.93 0.04 0.03
Blower - - - - 1.05 -
Vacuum
- - - - - 0.01
pump
Others 0.08 0.08 0.08 0.08 0.08 0.08




Table A.9. Performance metrics and operating conditions for various MD configurations at their cost optimal

design

AGMD CGMD DCMD SGMD VMD PGMD
Unit treatment cost ($/m>eea) 4.57 7.86 8.77 9.81 11.56 24.61
Unit operating cost ($/m’feca) 3.86 7.16 7.30 7.96 11.11 23.86
Unit capital cost ($/m’teed) 0.71 0.70 1.47 1.85 0.46 1.06
Total membrane area (m?) 11.30 2.26 1.88 8.14 1.72 3.58
Specific membrane area (/) | 11071 12.05 10.93 63.44 8.74 1151
Flux (LMH) 2.13 10.81 12.84 2.96 14.06 6.73
GOR 3.64 1.70 1.67 1.65 1.07 0.49
Electricity consumption (pumps 17.97 45.65 50.29 53.33 63.33 150.87

and chilling) (KWh/m*.cq)

Thermal efficiency (%) 74.50 42.90 45.70 98.20 96.80 35.70
Heat recovery (%) 83.00 79.80 72.20 61.90 0.00 58.00
Single pass recovery (%) 6.50 3.60 3.90 5.20 4.60 2.10
Recycle ratio (kg/kg) 9.21 17.59 16.19 11.83 13.41 30.11
Reynolds number 317.3 1225.7 14324 50 1040.3 1288
Hot channel inlet temperature 90 90 90 90 90 90
O
Hot channel outlet temperature 24.27 26.17 25.30 49.17 73.14 43.95

Y




Cold channel inlet temperature 11.91 10.61 10 33.6 64.7 10.36

Q)

Cold channel outlet temperature 76.04 73.49 73.94 80.62 64.7 56.1

QY

a)

Sensitivity analysis- costs elements: Figure Al depicts the variation in optimum treatment
costs as a function of the cost elements (including cost of steam, electricity, membrane and
module replacement, and membrane replacement) as compared to the baseline value (BV) of the
costs considered in this study's main analysis. The current sensitivity analysis is performed by
multiplying the baseline value of the above-mentioned costs by 50% and 150%. Regardless of
changes in BV of cost elements, the order of superiority of performance of various MD
configurations remains constant, with AGMD outperforming all other configurations. Reducing
the unit cost of steam and electricity has a significant effect on lowering the treatment cost of all
MD configurations (figure Ala and Alb), as heating and chilling costs account for the majority
of MD system treatment costs. Except for AGMD with large membrane areas, changes in the
membrane and module and membrane replacement cost have no significant effect on MD

treatment costs (figure Alc and Ald).

b)
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Figure A1. Variation in minimum treatment cost as a function of a) steam cost with baseline value (BV) of
0.008 ($/kg steam), b) electricity cost with baseline value of 0.069 ($/kWh) ¢) membrane and module costs
with baseline values as specified in table A3, d) membrane replacement cost with baseline value of
(17%/year)

Sensitivity analysis- Membrane properties: Figure A2 depicts the variation in optimum
treatment costs as a function of membrane module properties (including membrane permeability
coefficient, membrane effective thermal conductivity, and hydraulic diameter) as compared to
the base line value (BV) of the costs considered in this study's main analysis. Hydraulic diameter
is calculated using module channel height, spacer porosity, and filament diameter. As a result,
rather than conducting individual sensitivity analyses on these parameters, we conducted

sensitivity analysis on hydraulic diameter. Similarly, we conducted sensitivity analysis on the



effective thermal conductivity of the membrane rather than on the thermal conductivity of the
membrane solid material and its porosity. The current sensitivity analysis is performed by
multiplying the base line value of the above-mentioned properties by 50% and 150%. Regardless
of changes in BV of membrane properties, the order of superiority of performance of various
MD configurations remains constant, with AGMD outperforming all other configurations.
Reduced membrane permeability (figure A2a) increases treatment costs in DCMD, CGMD, and
PGMD due to increased mass transfer resistance and flux reduction. However, the treatment
costs for AGMD, VMD, and SGMD remains approximately constant regardless of variation in
membrane permeability. This is because mass transfer resistance is primarily determined by the
air gap and air channel in AGMD and SGMD. In the case of VMD, the decrease in flux caused

by a decrease in membrane permeability is offset by a decrease in vacuum pressure.

Reduced effective thermal conductivity reduces the treatment cost of DCMD, CGMD, and
PGMD configurations due to the increase in thermal efficiency. However, the treatment cost of
AGMD, SGMD, and VMD remains roughly constant as the thermal conductivity of the
membrane decreases. This is because conduction is primarily controlled by the air gap, air

channel, and vacuum channel in these configurations.
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Figure A2. Variation in minimum treatment cost as a function of a) membrane permeability

coefficient with baseline value (BV) of 0.94 x 10710 (“lr(l—gm), b) membrane effective thermal

conductivity with baseline value of 0.055x 1073 (%) ¢) hydraulic diameter with baseline

value of 2mm. The baseline values of effective thermal conductivity and hydraulic diameter

are calculated using the parameters in table A2 and the correlations in table A7.





