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Abstract 18 

The ability of a zeolite shell to enhance the selective conversion of hydrocarbons through diffusional 19 

limitations was investigated using a multi-scale model of a fixed-bed reactor. The impact of shell thickness 20 

and molecule/pore size on the catalytic performance of silicalite-1 zeolite encapsulated nickel catalyst 21 

pellets for steam reforming of C1-C7 hydrocarbons is reported. A reaction-diffusion model using kinetic 22 

expressions established in literature was employed. The model was verified through comparison with 23 

reported experimental results for steam reforming data over a temperature range of 748 – 1113 K and 24 

pressure of 1 – 10 bar. Comparisons are also made against experimental data for steam reforming in the 25 

presence of a zeolite shell. Evaluation of the Weisz-Prater criterion for both the core and encapsulated 26 

catalyst confirmed mass transfer limitation induced by the utilization of a zeolite shell. The model was 27 

used to suggest an optimal thickness that balances diffusional limitations imposed by the zeolite layer on 28 

methane versus that of the heavier hydrocarbons. The optimum thickness varied as a function of 29 

hydrocarbon size and shape which determined the diffusion rates. For toluene and heptane, a 50 nm thick 30 

shell was sufficient to wholly prevent reaction. Hydrocarbons like propane and butane required a shell 7.5 31 

and 5 μm thick. Increasing the gas-hourly-space-velocity from 10,000 to 60,000 ℎ−1 caused a decrease in 32 

the optimum shell thickness. This approach can be modified for application to other mixed hydrocarbon 33 

systems to predict optimal catalyst design.  34 

  35 



Graphical Abstract 36 

 37 

 38 

Highlights 39 

• Zeolite shell can be used to control reactant selectivity  40 

• Silicalite-1 shell caused diffusion limitations that vary with hydrocarbon size 41 

• A 50nm thick shell sufficient to wholly prevent reforming of heptane and toluene 42 

• Optimum shell thickness established for hydrocarbons depending on GHSV 43 
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1.0 Introduction 49 

The study of microporous zeolites as catalyst shells has garnered significant attention in recent 50 

years due to their ability to act as size and shape selective barriers[1-3]. Depending on the pore size 51 

distribution of the zeolite, this selectivity can regulate the diffusion of reactants into a catalyst as well as 52 

the diffusion of products out of a catalyst. This versatility in potential applications has given rise to 53 

numerous studies regarding the use of zeolite encapsulated catalysts for a variety of reactions including 54 

Fischer-Tropsch Synthesis (FTS), hydrocarbon reforming and hydrogenation[4-7]. Another critical feature 55 

of zeolites is their ion-exchange capabilities which lend them a variable acidity. Consequently, zeolites are 56 

widely used in a number of heterogeneous catalytic reaction systems as active catalysts. Studies have also 57 

indicated that zeolites with an average pore diameter of less than 0.5 nm are associated with reduced 58 

coke formation[8-10] with the assumed cause being the lack of necessary space for coke to effectively 59 

form. As a result of these properties and developments in recent years, zeolites have become an emerging 60 

technology in a number of reaction systems as both size-selective shells and tandem catalysts. 61 

 62 

Herein, the application of a zeolite encapsulated catalyst is studied for application to the 63 

production of syngas through hydrocarbon-steam reforming as part of a biomass to liquid (BTL) process. 64 

The products of a biomass gasification reaction results in a stream composed of CO, CO2, H2, H2O, CH4 as 65 

well as heavier hydrocarbons and contaminants [11]. The heavier hydrocarbons (referred to as tars for 66 

aromatics) can significantly deactivate the reforming catalysts used in the syngas production step due to 67 

coking [12]. The most common solution to this complication is the purification of the gas stream prior to 68 

performing the reforming reaction. Complete purification is an expensive endeavor, and in the case of tar 69 

removal, very difficult to achieve [13]. As a result, it becomes necessary to investigate methods by which 70 

the reforming reaction can still be effectively performed even in the presence of tars. One such approach 71 



is the introduction of a zeolite shell around the catalyst pellet to selectively reform the methane while 72 

preventing the heavier hydrocarbons from reaching the catalyst.  73 

 74 

In this study, toluene is used as a model tar component and the two terms will be used 75 

interchangeably. Further, heptane, butane, and propane are included in the study to evaluate the effect 76 

of molecular weight and kinetic diameter on the size selective properties of the zeolite. The principal 77 

reactions for this steam reforming system are given below as eqns. 1-7: 78 

 79 

𝐶𝐶𝐻𝐻4 + 𝐻𝐻2𝑂𝑂 ⇌  𝐶𝐶𝐶𝐶 + 3𝐻𝐻2 , 𝛥𝛥𝐻𝐻1 = 203.1 𝑘𝑘𝑘𝑘
𝑚𝑚𝑚𝑚𝑚𝑚

𝐶𝐶𝐻𝐻4          (Eqn. 1) 80 

𝐶𝐶𝐶𝐶 + 𝐻𝐻2𝑂𝑂 ⇌  𝐶𝐶𝑂𝑂2 + 𝐻𝐻2,    𝛥𝛥𝐻𝐻2 = −41.1 𝑘𝑘𝑘𝑘
𝑚𝑚𝑚𝑚𝑚𝑚

𝐶𝐶𝐶𝐶         (Eqn. 2) 81 

𝐶𝐶𝐻𝐻4 + 2𝐻𝐻2𝑂𝑂 ⇌ 𝐶𝐶𝑂𝑂2 +  4𝐻𝐻2, ∆𝐻𝐻3 = 165 𝑘𝑘𝑘𝑘
𝑚𝑚𝑚𝑚𝑚𝑚

𝐶𝐶𝐻𝐻4          (Eqn. 3) 82 

𝐶𝐶7𝐻𝐻8 + 7𝐻𝐻2𝑂𝑂 ⇌ 7𝐶𝐶𝐶𝐶 + 11𝐻𝐻2 , 𝛥𝛥𝐻𝐻4 = 927 𝑘𝑘𝑘𝑘
𝑚𝑚𝑚𝑚𝑚𝑚

𝐶𝐶7𝐻𝐻8         (Eqn. 4) 83 

𝐶𝐶7𝐻𝐻16 + 7𝐻𝐻2𝑂𝑂 ⇌ 7𝐶𝐶𝐶𝐶 +  15𝐻𝐻2,   ∆𝐻𝐻5 = 1,050 𝑘𝑘𝑘𝑘
𝑚𝑚𝑚𝑚𝑚𝑚

𝐶𝐶7𝐻𝐻16 (Eqn. 5) 84 

𝐶𝐶3𝐻𝐻8 + 3𝐻𝐻2𝑂𝑂 ⇌ 3𝐶𝐶𝐶𝐶 +  7𝐻𝐻2,    ∆𝐻𝐻6 = 497 𝑘𝑘𝑘𝑘
𝑚𝑚𝑚𝑚𝑚𝑚

𝐶𝐶3𝐻𝐻8        (Eqn. 6) 85 

𝐶𝐶4𝐻𝐻10 + 4𝐻𝐻2𝑂𝑂 ⇌ 4𝐶𝐶𝐶𝐶 +  9𝐻𝐻2,    ∆𝐻𝐻7 = 651 𝑘𝑘𝑘𝑘
𝑚𝑚𝑚𝑚𝑚𝑚

𝐶𝐶4𝐻𝐻10        (Eqn. 7) 86 

 87 

Eqns. 1-3 describe standard temperature/pressure methane-steam reforming while 4 describes 88 

toluene-steam reforming(TSR) [14, 15], Eqn. 5 describes heptane steam reforming (HSR) [16], Eqn. 6 89 

applies to propane steam reforming (PSR)[17] and Eqn. 7 models steam reforming of butane (BSR)[18]. 90 

We investigate the application of a zeolite shell (pore diameter 0.5 nm) which acts as a size selective 91 

barrier which prevents the toluene (kinetic diameter 0.585 nm) from accessing the inner reforming 92 

catalyst. Methane (kinetic diameter 0.38 nm) however, can still pass through the zeolite pores to react. 93 

Heptane was included in this study due to its similar molecular weight to toluene but smaller kinetic 94 



diameter (0.43 nm). Propane and butane function as hydrocarbons intermediate to those above in terms 95 

of molecular weight and kinetic diameter. The kinetic diameters and molecular weights of the studied 96 

hydrocarbons are summarized in Table 1. 97 

 98 

Table 1: Comparison of molecular weight and kinetic diameter for hydrocarbon species 99 

Species Molecular Weight (g/mol) Kinetic Diameter (nm) 

methane 16.04 0.38 

propane 44.10 0.43 

butane 58.12 0.47 

toluene 92.14 0.54 

heptane 100.21 0.43 

 100 

The methane-toluene reforming system was experimentally investigated by Cimenler et al.[19] 101 

who found that the inclusion of a zeolite shell was able to not only reduce the conversion of toluene, but 102 

also enhance the conversion of methane in a combined reforming study. This was attributed to a 103 

confinement effect between the core catalyst and zeolite shell. In the work of Zhang et al.[20] A relatively 104 

thin shell of 3.5 μm was sufficient to protect a reforming catalyst from alkaline vapors without severe 105 

hindrance of the methane. Due to the size of the zeolite pores, diffusion is typically considered to 106 

transition from molecular to Knudsen diffusion[21];  however, studies have also indicated that, depending 107 

on the zeolite and the diffusing species, a further transition into a configurational regime is also 108 

possible[22, 23]. These observations present an optimization problem in which the beneficial effect of 109 

increased selectivity toward lighter hydrocarbons and conversion of methane must be weighed against 110 

the increased diffusional limitation introduced by the zeolite shell. These limitations result in reduced 111 

reaction and overall conversion of reactants and may necessitate the use of a larger reactor to achieve a 112 



specified conversion. Here, the use of a computational model incorporating reforming kinetics and species 113 

diffusion through a composite catalyst to elucidate the optimum shell thickness for a silicalite-1 zeolite 114 

shell on a 1.6 wt %Ni−1.2 wt % Mg/Ce0.6Zr0.4O2 core catalyst is studied. The model is validated using 115 

methane and toluene steam reforming data collected for a temperature range of 748 – 1113 K and 116 

pressure from 1-10 bar in a fixed bed reactor. Later the model is used to evaluate the effect of the zeolite 117 

shell thickness on reactant selectivity as a novel method by which the impact of a zeolite shell on the 118 

diffusion of hydrocarbons of varying size may be studied. It is theorized that an optimum zeolite shell 119 

thickness can be established which maximizes the relative conversion of methane over other hydrocarbon 120 

species. This optimum value would also be dependent on the size and shape of the relevant hydrocarbons, 121 

the associated kinetics, feed composition as well as the temperature, and pressure. 122 

1.1 Core-Shell Catalyst Experimental and Modeling Studies 123 

Cimenler et al.[24] undertook the experimental evaluation of the catalytic performance of a 51 124 

wt% H-β zeolite, 1.6 wt %Ni−1.2 wt % Mg/Ce0.6Zr0.4O2 core-shell catalyst for applications in MSR, TSR and 125 

the combined steam reforming of methane and toluene. Cimenler found that the inclusion of a zeolite 126 

shell introduced mass transfer limitations which reduced the conversion of hydrocarbons however the 127 

reactant selectivity toward methane increased by a factor of 1.5. Furthermore, a weight hourly space 128 

velocity (WHSV) comparison between the core-shell catalyst and a physical mixture of catalyst particles 129 

and zeolite indicated that the H-β zeolite contributed to an increase in toluene conversion brought about 130 

by its acidity or possible Al3+ promotion. An experimental and modeling study of MSR over Silicalite-1 131 

encapsulated Ni/SiO2 and Ni/Al2O3 catalysts was performed by Zhang et al. [20] with the objective of 132 

reducing alkali-poisoning of catalysts in direct internal reforming molten carbonate fuel cells. To this end 133 

the optimization of the shell thickness to maximize catalyst protection while minimizing loss in activity 134 

due to diffusional limitation was performed. The inclusion of a zeolite shell was able to prevent catalyst 135 



deactivation from electrolyte vapors expected under normal cell operating conditions, the optimum shell 136 

thickness to achieve this effect balanced against minimizing diffusional limitations was 3.5 µm which 137 

resulted in a 1/5th decrease in methane conversion. 138 

The experimental and modeling study on the size and shape selectivity of core-shell catalysts has also 139 

been conducted for hydrogenation reactions by Kuo et al. [25] and Zhang et al. [26]. The work of Khan et 140 

al. [27] successfully synthesized a microlayer of silicalite-1 zeolite on a Ni/SiO2 core catalyst for use in the 141 

hydrogenation of both the 1-hexene and 3,3-dimethyl-1-butene isomers. Khan noted, relative to the 142 

core catalyst alone, the core-shell catalyst demonstrated excellent size selectivity with minimal decrease 143 

in the conversion of 1-hexane. The system was also modeled for a simple packed bed reactor assuming 144 

that the diffusion through the zeolite shell was the rate limiting step, the model was found to closely 145 

agree with experimental data for space time from 0.25 – 1.5 (g*h/mol). 146 

 147 

1.2 Kinetic Modeling 148 

Modeling the kinetic behavior of hydrocarbon-steam reforming reactions is one that has seen 149 

significant attention over the past decades. Numerous researchers have proposed rate laws ranging from 150 

simple power laws to more complex Langmuir-Hinshelwood (LH) rate expressions and microkinetic 151 

models [28-30]. There is no singular kinetic law that describes hydrocarbon reforming for all possible 152 

catalysts and reaction conditions. Herein it was necessary to decide on rate expressions for the modeling 153 

of the steam reforming of methane, toluene and a combined system containing both species. 154 

Regarding methane steam reforming (MSR), one of the most established rate expressions is the 155 

scheme put forth by Xu and Froment [31]. Utilizing a Nickel based catalyst on a magnesium spinel, 156 

Froment’s group had excellent agreement between modeled and experimental results for a temperature 157 

range of 773 – 843 K and a steam to carbon (S/C) ratio of three and five. In the decades since its proposal 158 



the reaction scheme has been successfully used for modeling MSR over Ni/Mg catalysts with minor 159 

alterations to the rate parameters to fit catalysts with different metal loadings [32-34]. Sprung [29] 160 

studied the effect of S/C ratio on the rate in a MSR process finding that as the S/C ratio decreases so too 161 

does the order of reaction in the reaction scheme. It was concluded that, although generally accurate for 162 

higher S/C ratios, the rate law proposed by Xu and Froment may not be applicable for applications with a 163 

lower S/C ratio. Wei and Iglesia [30, 35] proposed an alternative mechanism finding through their 164 

experimental works that the rates of reaction were proportional only with the partial pressure of methane 165 

while being independent of other reactants; however, only a limited range of S/C variations were studied 166 

and likely a factor in their findings. With these considerations in mind, it was decided to apply Xu and 167 

Froment’s rate expressions in this work utilizing rate parameters fit to experimental data using a least 168 

squares approach. The rate expressions utilize a Langmuir-Hinshelwood mechanism (Eqns. 8-10). All three 169 

rate equations [16-18] tend toward infinity as the partial pressure of hydrogen tends toward zero which 170 

necessitates the inclusion of hydrogen in the gas feed though this was not found to strongly impact the 171 

simulation of experimental results. This negative contribution to the rate is believed to be a result of the 172 

method employed by Xu and Froment [31] for catalyst reduction wherein pure hydrogen was passed over 173 

the catalyst for 12 hr. This combination of high concentration and time of exposure enhanced the 174 

dissolution of hydrogen in the nickel resulting in increased hydrogen presence in the catalyst during 175 

reaction [29].  176 

Heptane steam reforming is modeled using the Langmuir-Hinshelwood mechanism proposed in 177 

literature as in Eqn. 12[16]. Toluene and propane steam reforming have predominantly been modeled 178 

using a straightforward first order power law in toluene and propane[17] respectively with great success 179 

in simulating experimental results[14, 36, 37]. Steam reforming of butane has been successfully modeled 180 

over Ni and Pt-Ni catalysts using a power law dependent on both butane and steam as noted in Eqn. 13. 181 

Note that in this equation α=1.2 and β=-0.18[18]. 182 
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k1
pH2
2.5�pCH4pH2O−

pH2
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�

(DEN)2 ,  (Eqn. 8) 183 
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�

(DEN)2 ,  (Eqn. 9) 184 
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pH2
3.5�pCH4pH2O
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pH2
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�

(DEN)2 ,  (Eqn. 10) 185 

DEN = 1 + KCOpCO + KH2pH2 + KCH4pCH4 + KH2OpH2O
pH2

,  (Eqn. 11) 186 
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pH2
2.5�pC7H16�
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0.2487�PC7H16PH2�
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PH2O
PH2
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𝑟𝑟7 = 𝑘𝑘7�𝑃𝑃𝐶𝐶4𝐻𝐻10�
𝛼𝛼�𝑃𝑃𝐻𝐻2𝑂𝑂�

𝛽𝛽 , (Eqn. 13) 188 

 189 

2.0 Methodology 190 

2.1 Model Overview 191 

 A stationary, isothermal multiscale model was designed which couples the bulk transport of 192 

species through the macroscale catalyst bed with the microscale transport through the catalyst pellet. The 193 

pressure drop was assumed to be negligible for the configurations considered. The bulk transport of 194 

species considers both convection and diffusional contributions and is modeled through solution of the 195 

one-dimensional version of Eqn. 14 in which Dm,i is the molecular diffusivity of each species given through 196 

Eqn. 15. Boundary conditions of the macroscale ordinary differential equations (ODE’s) are specified at 197 

the reactor inlet as the bulk concentration of the hydrocarbons, steam, and hydrogen and at the surface 198 

of the particle. It is assumed that the concentration at the particles surface is equal to the bulk 199 

concentration multiplied by the catalyst porosity. At the reactor outlet convection is assumed to dominate 200 

mass transport terms. 201 



−Dmi

∂2Ci,x
∂2x

− Ci,xUx =  Ri,  (Eqn. 14) 202 

 203 

Dm,i =
10−3T1.75� 1

MA
+ 1
MB

�
2

P�(∑VA)
1
3+(∑VB)

1
3�
2 ,   (Eqn. 15) 204 

Ri = (1 − ε)Ap(−𝑫𝑫𝒛𝒛𝒊𝒊
𝝏𝝏𝑪𝑪𝒑𝒑,𝒊𝒊

𝝏𝝏𝝏𝝏
∙ 𝒏𝒏), (Eqn. 16) 205 

The reaction term Ri depends on the flux of each species at the boundary of the pellets. This flux 206 

is given in Eqn. 16. Proper solution of this reaction term requires the incorporation of a mass-balance for 207 

the interior catalyst pellets which acts as the microscale term. The dimensionless, mass transport equation 208 

for a spherical catalyst pellet is given in Eqn. 17 where Rp,I refers to the rate of reaction within the catalyst 209 

pellet . 210 

∇ ∙ �−� r
rparticle

�
2

DT,k
∂cp,i

𝜕𝜕𝜕𝜕
� + � r

rparticle
�
2

Rp,i =  0,  (Eqn. 17) 211 

Dk,i = 97rpore �
T
Mi
�
1/2

,  (Eqn. 18) 212 

𝐷𝐷𝐶𝐶,𝑖𝑖 = 1
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8𝑘𝑘𝑘𝑘
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𝐸𝐸𝑐𝑐,𝑖𝑖
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𝐷𝐷𝑧𝑧𝑧𝑧( 𝑇𝑇) =  𝐷𝐷𝑧𝑧𝑧𝑧( 𝑇𝑇𝑟𝑟) exp�− 𝐸𝐸𝑑𝑑
𝑅𝑅𝑔𝑔
�1
𝑇𝑇
− 1

𝑇𝑇𝑟𝑟
��, (Eqn. 20) 214 

 215 

Contribution to mass transport within the pellet interior are assumed to dominated by diffusion 216 

which is estimated as a combination of both the molecular and Knudsen diffusivities for 217 

CH4, H2O, H2, CO and CO2 by Eqns. 15, 18. Studies have indicated that the diffusion of large molecules 218 

very near to the size of the zeolite pores such as toluene and heptane is strongly affected by molecule 219 

shape and size. This third diffusion regime, dubbed “configurational diffusion”, was used as a point of 220 



comparison for the diffusivity of toluene and heptane through the zeolite per Eqn. 19 where in the 221 

activation energy of diffusion was determined in accordance with the work of Xiao et al.[22]. The 222 

diffusivity coefficients used for the model are obtained from literature and adjusted to the reaction 223 

temperature using Eqn. 20. Due to a lack of agreement in estimations of diffusion through silicalite-1 224 

zeolite, correlations for Knudsen and configurational diffusion as defined in Eqns. 18 and 19 are used for 225 

comparison with the experimental terms to ensure accuracy of the estimate. Another important factor is 226 

the large temperature range over which the experimental results are interpolated (~300 to 1000K) as most 227 

studies are conducted at room temperature. Diffusivity terms are scaled according to the thickness of the 228 

pellet and zeolite shell respectively. For the core pellet, this scaling is given in Eqn. 21 while the diffusivity 229 

through the zeolite is modeled using Eqn. 22 wherein LT refers to the thickness of the zeolite shell and “r” 230 

is the pellet radius in which a value of zero points toward the pellet center and a value of one refers to 231 

the boundary of the catalyst pellet. Further, all diffusivities were estimated as effective diffusivities using 232 

typical values for tortuosity and porosity. Solution of the model differential equations is performed 233 

through the finite element method. For a full process diagram outlining the steps taken in development 234 

of the model and conduction of the study, see the Supporting Information, Appendix C. 235 

Table 2: Boundary conditions for model scales 236 

Scale BC 1 BC 2 

Macroscale Catalyst Bed 𝐶𝐶𝑖𝑖0 = 𝐶𝐶𝑖𝑖𝑖𝑖𝑖𝑖  @ 𝑥𝑥 = 0 𝑑𝑑𝐶𝐶𝑖𝑖
𝑑𝑑𝑑𝑑

= 0 @ 𝑥𝑥 = 𝐿𝐿 

Microscale Spherical Particle 𝑑𝑑𝐶𝐶𝑖𝑖
𝑑𝑑𝑑𝑑

= 0 @ 𝑟𝑟 = 0 
𝐶𝐶𝑖𝑖 = 𝜀𝜀 ∗ 𝐶𝐶𝑖𝑖𝑏𝑏  @ 𝑟𝑟 = 𝑅𝑅 

 237 



238 

Figure 1: Graphic demonstrating basis of multiscale model design and associated length scales for the 239 

reactor, catalyst and zeolite shell. The first scale is a 1D bulk reactor with the second scale being a 240 

spherical catalyst pellet. “LT” refers to the thickness of the zeolite layer, “rp” refers to the radius of the 241 

core catalyst. 242 

D , = , , (Eqn. 21) 243 

D , = ,
( ) , (Eqn. 22) 244 

245 

246 

1 

2 
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 248 

2.2 Parameter Estimation 249 

 Parameter estimation was carried out separately for the case of MSR and TSR to ensure the 250 

accuracy of the chosen rate expressions for a broad selection of feed compositions, catalyst loadings, 251 

temperatures, and pressures. For MSR, three rate constants and seven equilibrium constants were 252 

present in the rate law. The temperature dependence of the rate constant and species-dependent 253 

equilibrium constants were estimated using the Arrhenius and Van’t Hoff equations respectively (eqns. 254 

23,24). Overall equilibrium constants for each reaction were estimated using Eqns. 25-27. By contrast, 255 

TSR, BSR and HSR, contained only the single overall rate parameter and the apparent activation energy 256 

which needed to be considered.  257 

ki = Aiexp �− E
R T
� , i = 1,2,3,  (Eqn. 23) 258 

Kj = Ajexp �− ΔH
R T
� , j = CO, CH4, H2O, H2 (Eqn. 24) 259 

𝐾𝐾1 = 1.198𝐸𝐸13 𝑒𝑒𝑒𝑒𝑒𝑒 �− 26830
𝑇𝑇

�,   (Eqn. 25) 260 

𝐾𝐾2 = 1.767𝐸𝐸 − 2 𝑒𝑒𝑒𝑒𝑒𝑒 �− 4400
𝑇𝑇
�,  (Eqn. 26) 261 

𝐾𝐾3 = 2.117𝐸𝐸11 exp �−22430
𝑇𝑇

�,  (Eqn. 27) 262 

 The fitting of the parameters to each data set was carried out through minimization of the sum of 263 

the square of the error between experimental data and the model prediction for the overall conversion 264 

of each respective hydrocarbon. The rate constants 𝑘𝑘𝑗𝑗 were used for minimization following which the 265 

activation energy and pre-exponential factor could be estimated using the resulting Arrhenius plots. The 266 

list of reaction parameters considered in the fitting process as well as their final, fitted values can be 267 

observed in Table 4. Fitting was performed for uncoated catalysts to ensure accuracy of kinetic rate 268 



expressions in the case of absent mass transfer limitations. Tables 5 and 6 summarize the final reactor 269 

kinetic parameters used in the study. The reactor and catalyst are modeled after a typical 4 mm diameter, 270 

lab-scale, quartz reactor. The MSR kinetic parameters similar to those fit to the data from Zhang et al. 271 

were chosen as this is one of the few studies which experimentally evaluated the effect of the thickness 272 

of a zeolite shell on MSR. Validation of the estimation of diffusivities through typical catalyst pellets and 273 

zeolite shells was validated through comparison with experimental data collected for a defect-free, 274 

silicalite-1 zeolite encapsulated Ni/Al2O3 catalyst utilized for methane steam reforming for shell 275 

thicknesses between 0-100 μm. Validation of both the kinetic expressions as well as the estimated core-276 

shell diffusivities enable the application of the model to determine the optimum zeolite shell thickness 277 

necessary to maximize the selectivity toward the lighter hydrocarbon over tars. The influence of the GHSV 278 

was also investigated. The resulting plots are given in Figure 2, in all cases agreement is observed between 279 

the model and experimental data indicating the suitability of the model for predicting MSR and TSR 280 

behavior. 281 

 282 

Table 3: Collection of referenced reaction conditions using for model fitting and validation 283 

Reference Temperature (K) Pressure (bar) Catalyst Loading (mg) H2O:CxHy 

MSR  

[24] 1053-1113 1 1.6 wt % 

Ni 1.2 wt % 

Mg/Ce0.6Zr0.4O2 

11.3 1:1 

[38] 748, 798 1.2, 3 Ni/α-Al2O3 100 5:1 

TSR  

[24] 1053-1113 1 1.6 wt % 11.3 7:1 



Ni−1.2 wt % 

Mg/Ce0.6Zr0.4O2 

[14] 923, 1073 1 Ni/Olivine 5-300 7:1 

Composite MSR  

[20] 923 1 Ni/𝐴𝐴𝑙𝑙2𝑂𝑂3–Sil-1  800 3:1 
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 288 

Figure 2: Comparison between model (lines) and experimental data (Points) for (A) MSR vs space time 289 

from the work of Hou, et al[38]. for T=748, 798 K and P=3 bar. (B) MSR vs space time from the work of 290 

Hou, et al[38]. for T=748, 798 K and P=1.2 bar. (C) MSR vs temperature from the work of Cimenler, et 291 

al[24]. (D) TSR vs temperature from work of Cimenler, et al[24]. (E) TSR vs space time from work of 292 

Świerczyński, et al.[14] and (F) MSR vs zeolite shell thickness from the work of Zhang, et al[20]. 293 

 294 

Table 4: Fitted kinetic parameters for modeling of referenced experimental data 295 

 Fitted Values 

Parameter Ref. 24 (MSR) Ref. 35 (MSR) Ref. 14 (TSR) Ref. 24 (TSR) Ref. 20 (MSR) 

𝐴𝐴1 1.63E+16 4.02E+20 - - 4.22E+15 

𝐴𝐴2 1.00E+03 1.75E-04 - - 1.955E+6 

𝐴𝐴3 1.00E+15 1.40E+09 - - 1.020E+15 

𝐴𝐴4 - - 3.13E+13 2.74E+12  

𝐸𝐸1 348 295 - - 240 

𝐸𝐸2 59 68.1 - - 67 

𝐸𝐸3 354 144 - - 243 

𝐸𝐸4 - - 196 197.8  
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 297 

2.3 Study Metrics and Parameters 298 

 Model performance was evaluated through study of hydrocarbon conversions, Eqn. 28, in 299 

addition to the surface rate of reaction at the entrance of the reactor for both hydrocarbons. Initially, a 300 

kinetics only study is performed for an uncoated catalyst. The effects of the S/C ratio, pressure and 301 

reaction temperature on hydrocarbon conversions are evaluated to determine optimum operating 302 

conditions to maximize selective conversion of methane. Following this, the effect of the zeolite shell 303 

thickness is evaluated for the chosen operating conditions.  304 

 305 

Xi = Fi0−Fi
Fi0

, (Eqn. 28) 306 

 307 

 Following model validation, reaction parameters were selected to mimic benchtop reaction 308 

studies and to ensure kinetics did not reach equilibrium. The initial modeling studies focus on an 309 

unencapsulated reforming catalyst with model parameters as given in Table 3. The model was explored 310 

for a temperature range of 800-1000 K, pressure from 1-10 bar and a steam to methane (S/M) ratio of 2, 311 

4, 6, 8 and 10 to evaluate the response of methane and toluene activity to the tested conditions. In this 312 

manner, optimum conditions to maximize the activity of methane relative to toluene were established. 313 

The ratio of species in the feed is given as 1:0.1:0.1 methane: toluene: hydrogen. The flow of argon is 314 

adjusted to maintain a constant gas hourly space velocity (GHSV). Following this, the effect of zeolite shell 315 

thickness was studied at the determined optimum operating conditions obtained through study of the 316 

unencapsulated model. At these conditions pore diffusion limitations, identified through evaluation of the 317 

Weisz-Prater (W-P) criterion, were not present for the unencapsulated catalyst, see supporting 318 

information for corresponding calculations. The kinetic parameters used in the model correspond to those 319 



obtained through fitting to the data referenced from Zhang et al. This particular reference was chosen as 320 

it is one of the few works which utilize a Silicalite-1 zeolite shell for MSR. 321 

 322 

Table 5: Final model reactor parameters and feed conditions for the model 323 

Symbol Study 1 Unit 

L  25E-3 m 

𝑟𝑟𝑟𝑟 2E-3 m 

𝑀𝑀𝐶𝐶𝐶𝐶𝐶𝐶  0.5 g 

𝑟𝑟𝑝𝑝  0.3E-3 m 

𝜒𝜒𝐶𝐶𝐶𝐶4 0.25 - 

𝜒𝜒𝐻𝐻2𝑂𝑂 0.709 - 

𝜒𝜒𝐶𝐶7𝐻𝐻8  0.01 - 

𝜒𝜒𝐶𝐶7𝐻𝐻16 0.01 - 

𝜒𝜒𝐶𝐶3𝐻𝐻8  0.01 - 

𝜒𝜒𝐶𝐶4𝐻𝐻10 0.01 - 

𝜒𝜒𝐻𝐻2  0.001 - 

 324 

 325 

Table 6: Final model kinetic parameters 326 

Symbol Value Unit 

𝐴𝐴1 4.22E15 𝑚𝑚𝑚𝑚𝑚𝑚
𝑘𝑘𝑘𝑘 𝑠𝑠

 

𝐴𝐴2 1.95E06 𝑚𝑚 𝑠𝑠 𝑚𝑚𝑚𝑚𝑚𝑚
𝑘𝑘𝑔𝑔2

 



𝐴𝐴3 1.02E15 𝑚𝑚𝑚𝑚𝑚𝑚
𝑘𝑘𝑘𝑘 𝑠𝑠

 

𝐴𝐴4 4.83E08 𝑚𝑚3

𝑘𝑘𝑘𝑘 𝑠𝑠
 

𝐴𝐴5 8.00E03 𝑚𝑚 𝑠𝑠 𝑚𝑚𝑚𝑚𝑚𝑚
𝑘𝑘𝑔𝑔2

 

𝐴𝐴6 2.00E08 𝑚𝑚3

𝑘𝑘𝑘𝑘 𝑠𝑠
 

𝐴𝐴7 1.83E06 𝑚𝑚𝑚𝑚𝑚𝑚
𝑏𝑏𝑏𝑏𝑏𝑏 𝑘𝑘𝑘𝑘 𝑠𝑠

 

𝐴𝐴𝐶𝐶𝐶𝐶 8.23E-5 1/bar 

𝐴𝐴𝐻𝐻2  6.12E-9 1/bar 

𝐴𝐴𝐶𝐶𝐻𝐻4  6.65E-4 1/bar 

𝐴𝐴𝐻𝐻2𝑂𝑂 1.77E5 - 

𝐸𝐸1 267 kJ/mol 

𝐸𝐸2 67.13 kJ/mol 

𝐸𝐸3 260 kJ/mol 

𝐸𝐸𝐶𝐶7𝐻𝐻8  190 kJ/mol 

𝐸𝐸𝐶𝐶7𝐻𝐻16  110 kJ/mol 

𝐸𝐸𝐶𝐶3𝐻𝐻8  95 kJ/mol 

  327 

To evaluate the point at which the balance between the diffusion limitations imposed on the other 328 

hydrocarbons relative to methane is at a maximum, an objective function (OF) was proposed. The 329 

proposed OF functions as a quantitative measure of the effect of the thickness of the zeolite shell on the 330 

conversion of each hydrocarbon. It is defined as the difference between the change in the conversion as 331 

a function of shell thickness, for each hydrocarbon and that of methane. This difference is then normalized 332 



by the rate of change in methane conversion as a function of shell thickness, Eqn. 29. The use of this 333 

objective function allows the evaluation of the rate of change in the conversion as a function of shell 334 

thickness for each hydrocarbon relative to that of methane for a shell thickness of 0-50 μm. 335 

 336 

𝑂𝑂𝑂𝑂 =
𝑑𝑑𝑋𝑋𝐶𝐶𝐻𝐻4
𝑑𝑑𝑑𝑑𝑑𝑑 −𝑑𝑑𝑋𝑋𝑖𝑖𝑑𝑑𝑑𝑑𝑑𝑑
𝑑𝑑𝑋𝑋𝐶𝐶𝐻𝐻4
𝑑𝑑𝑑𝑑𝑑𝑑

, 𝑖𝑖 = 𝐶𝐶3𝐻𝐻8,𝐶𝐶4𝐻𝐻10,𝐶𝐶7𝐻𝐻8,𝐶𝐶7𝐻𝐻16,  (Eqn. 29) 337 

 338 

Table 7: Diffusion coefficient through zeolite layer as obtained from literature and estimated using 339 

Knudsen and configurational diffusivity correlations 340 

Species Dze, Experimental* (𝑚𝑚2/𝑠𝑠) Dze, Knudsen**(𝑚𝑚2/𝑠𝑠) Dze, Configurational***(𝑚𝑚2/𝑠𝑠) 

CH4 7.70E-08 1.92E-07 1.34E-09 

C3H8 5.02E-09 1.16E-07 1.34E-10 

C4H10 1.89E-09 1.00E-07 3.20E-11 

C7H8 8.16E-13 7.99E-08 8.78E-13 

C7H16 9.35E-12 7.59E-08 4.74E-12 

*Diffusion coefficient obtained from literature and adjusted to 1000K using Eqn. 14 and parameters from Table 8 341 

**Determined though Eqn. 12 342 

***Determined through Eqn. 13 343 

 344 

Table 8: Parameters used to determine diffusion of hydrocarbons through Silicalite-1 zeolite 345 

Species D𝑧𝑧𝑧𝑧 (𝑇𝑇𝑟𝑟) [Reference] (𝑚𝑚2/𝑠𝑠) 𝑇𝑇𝑟𝑟 (K) Ed,i[Reference] (kJ/mol) 

CH4 1.60E-08[39] 300 5.6[39] 

C3H8 1.20E-09[39] 300 5.1[39] 



C4H10 2.00E-10[39] 300 8[39] 

C7H8 2.00E-16[40] 283 22[40] 

C7H16 1.30E-14[41] 323 18.8[42] 

 346 

 Table 7 summarizes the diffusion coefficients of each hydrocarbon species obtained from 347 

literature or estimated using Knudsen and configurational diffusion correlations. Notably, the 348 

Experimental diffusion coefficients for methane and propane are relatively close to those predicted by 349 

Eqn. 12. Considering the small kinetic diameters of these molecules, configuration diffusion does not 350 

appear to be applicable. By contrast, butane does not seem to be accurately modeled by either Knudsen 351 

or configurational diffusion indicating that this species likely falls into a “transitional” regime. 352 

Consequently, the experimental value was used for this species in the model. Both toluene and heptane 353 

observe very good agreement between literature values and those predicted by Eqn. 13. From this it is 354 

interpreted that these larger hydrocarbons will experience severe diffusion limitations in the zeolite shell 355 

owing to their large molecular size. The work of Maginn et al.[43] simulates the diffusion of n-alkanes in 356 

silicalite ranging from carbon number 1 – 20. Results for lighter alkanes with carbon number 1-4 have 357 

close agreement with experimental data however for moderate and long chain alkanes the predicted 358 

values diverge from some values reported in literature. Thus, this work was referenced for the diffusion 359 

of methane, propane and butane while the works of Kolsch et al.[41] and Cartarius et al.[40] were cited 360 

for the study of heptane and toluene respectively.  361 

To justify the assumption of isothermal operation, the Anderson and Mears criterion for intra and 362 

interphase heat transfer was calculated. Both in the absence and presence of a zeolite shell the estimated 363 

criterion was several orders of magnitude below the limit at which heat transfer gradients become 364 

apparent. This result supports the decision to assume the isothermal condition. The full calculations can 365 

be found in the Supporting Information, Appendix B. Likewise the Weisz-Prater criterion for pore and bulk 366 



diffusion was estimated in Appendix B. Mass transfer limitations were not present for any hydrocarbon 367 

for the uncoated catalyst. Upon introduction of the zeolite shell all hydrocarbons exhibited diffusion 368 

limitations which varied by the size of each hydrocarbon. 369 

 370 

3.0 Results and Discussion 371 

3.1 Zeolite Characterization 372 

 Considering the relative diameters of the zeolite pores and the toluene molecules, it seems 373 

apparent that tars would be unable to diffuse through the shell pores. However, both experimental and 374 

modeling efforts indicate the reaction of toluene. It is generally held in literature that Silicalite-1 zeolite 375 

does not contribute to hydrocarbon reforming, thus tar molecules must be diffusing through the zeolite 376 

shell. The micropore size distribution of Silicalite-1 is characteristically narrow and averages a width of 0.5 377 

nm. There are, however, pores which are slightly larger than this average value. Considering the relative 378 

nearness of the kinetic diameter of toluene (0.54 nm) to the average micropore width (0.5 nm), it seems 379 

plausible that some toluene molecules may diffuse through pores which fall on the higher end of the 380 

distribution Silicalite-1 also contains a small minority of mesopores which could likewise facilitate 381 

diffusion. A second explanation is the presence of cracks and pinholes in the zeolite shell. The work of 382 

Cimenler et. al. indicated the presence of such cracks, identified through scanning electron micrographs, 383 

averaging 5.26 microns in width on the zeolite shell. The structure of zeolites is also susceptible to 384 

degradation at high temperature and in the presence of steam as is the case for this study in a process 385 

commonly referred to as “steaming”.The presence of such defects could facilitate tar diffusion, thus 386 

explaining the observed reaction of toluene. 387 

 388 

3.2 Screening Results  389 



Initial study of the modeled system in the absence of a zeolite shell allowed verification of the 390 

optimum reaction conditions at which CH4 reactivity is enhanced opposed to toluene. Toluene activity is 391 

enhanced as the total pressure is increased. By contrast, methane reforming is well known to be 392 

suppressed with increasing pressure. This behavior is in accordance with past studies on the reforming of 393 

heavy hydrocarbons. Reaction of both hydrocarbons is predictably enhanced with increasing 394 

temperature; however, toluene is generally more active than methane at all temperatures. Little change 395 

is observed for changing the S/M ratio likely because excess steam is flowed through the reactor and the 396 

catalyst is already saturated with water molecules. From this initial study, the reaction conditions for the 397 

zeolite studies were selected as T=1000 K, P=1bar and S/M=2.8 398 

 399 

 400 

 401 

 402 
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 404 

Figure 3: (Top) Conversion of methane and Toluene against temperature for a pressure of 1, 2.5, 5. 7.5 405 

and 10 bar, S/C=1. (Bottom) Conversion of methane and Toluene against temperature for S/C ratio of 2, 406 

4 and 6, P=1 bar. 407 

 408 

3.3 Investigation of Zeolite Shell 409 

 Evaluation of the influence of the zeolite shell on the five hydrocarbons is captured in Figure 4. It 410 

is generally noted that both toluene and heptane exhibit severe loss in reactivity with the introduction of 411 

relatively thin zeolite shell (10-1000 nm). Toluene in particular appears to be severely impeded by the 412 

inclusion of a zeolite shell of nearly any thickness. Heptane also observes a significant reduction in reaction 413 

with the inclusion of a thin shell on the order of a few nanometers. For a shell merely 10 nm thick and a 414 

GHSV of 10,000 1
ℎ

, toluene conversion was reduced from 100% to 17% and heptane reduced from a 415 

likewise complete conversion to 72%. At these same conditions, both butane and propane remained 416 

unhindered at near complete conversion. It is noted that methane in fact observes an apparent 417 

enhancement in activity at low zeolite shell thicknesses (50 nm-10 μm). This is likely due to changes in 418 

equilibrium brought about by the severe reduction in conversion in the heavier hydrocarbons. The 419 

thermodynamic equilibrium conversion of methane both with and without the presence of the heavier 420 

hydrocarbons is plotted in Figure A.1 in Appendix A under the Supporting Information. In the absence of 421 

other hydrocarbons, the equilibrium conversion of methane increases from 87% to 98%. It is likely that 422 

0.0

0.2

0.4

0.6

0.8

1.0

800 825 850 875 900 925 950 975 1000Fr
ac

tio
na

l C
on

ve
rs

io
n

Temperature (K)

S/C = 2 S/C = 4 S/C = 6

Methane
0.0

0.2

0.4

0.6

0.8

1.0

800 825 850 875 900 925 950 975 1000

Fr
ac

tio
na

l C
on

ve
rs

io
n

Temperature (K)

S/C = 2 S/C = 4 S/C = 6

Toluene



the complete conversion of the heavy hydrocarbons results in significantly more syngas production which 423 

pushes the equilibrium conversion of methane to lower values. With the introduction of a zeolite shell, 424 

the larger hydrocarbons are effectively impeded and thus unable to react, the result of which is an 425 

increase in equilibrium conversion of methane. As the zeolite thickness increases further however 426 

methane begins to be impeded and more diffusion limitations are introduced. It is noted however that 427 

even at a GHSV of 60,000 1
ℎ

 and a 50 μm thick shell methane conversion is only reduced to 60% while 428 

propane is reduced to 24% and toluene, heptane, and butane are unable to react nearly entirely. 429 

   430 

  431 
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   433 

Figure 4: Conversion of (A) methane, (B) zoomed in methane plot, (C) propane, (D) butane, (E) heptane 434 

and (F) toluene against zeolite shell thickness for varying GHSV, T=1000K, P=1bar, S/M = 2.8 435 

 436 

Through application of the objective function as defined in section 2.5, the optimum zeolite shell 437 

thickness for each hydrocarbon species relative to methane was obtained. When plotted as a function of 438 

effective diffusivity (Figure 5), the system behaves as expected. As the diffusion coefficient of the species 439 

becomes larger, a correspondingly thicker shell is necessary to significantly hinder reaction of a 440 

hydrocarbon species. This effect appears to be fairly linear at larger diffusivity coefficients on the order of 441 

1E-9 𝑚𝑚2/𝑠𝑠. As the coefficient approaches the order of 1E-12 𝑚𝑚2/𝑠𝑠 further reduction in the diffusivity no 442 

longer has a notable effect on the optimum shell thickness as a zeolite shell of any thickness can effectively 443 

block the hydrocarbon. At low GHSV, the effect is slightly exponential 444 

 445 

Efforts were made to plot this optimum as a function of molecular weight and kinetic diameter 446 

however these efforts indicated that both of these parameters must be considered to properly compare 447 

aromatics and moderate chain alkanes. The kinetic diameter, which is one parameter used in the 448 

estimation of diffusivity through the configurational diffusivity correlations, is reported as 4.3 Å for 449 

alkanes with carbon numbers from three to ten. For an aromatic such as toluene, this is reported as 5.4 450 

Å. This would imply that the performance of heptane would be similar to species such as propane in terms 451 
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of diffusivity. In actuality however, the diffusion coefficient of heptane is closer to that of toluene and the 452 

resulting plot shows discontinuities at a kinetic diameter of 4.3 Å.  453 

 454 

Discontinuities likewise became apparent when the optimum shell thickness was plotted as a 455 

function of molecular weight. In this case these discontinuities are a result of heptane having a slightly 456 

larger molecular weight than toluene while also having a larger coefficient of diffusion. This deviation in 457 

diffusivity arises from differences in shape of each species. Both toluene and heptane are in the 458 

configurational regime of diffusion as observed by comparisons to modeled and experimental data in 459 

Table 7. In this regime the size and shape of the molecule dominates the estimation of diffusivity. While 460 

toluene is nearly uniform in all dimensions, there is a significant difference between the minimum and 461 

maximum diameters of the heptane molecule. This raises the vital question of how diffusivity of species 462 

should be modeled. Performance of each hydrocarbon species is highly dependent on the respective 463 

diffusion coefficient through the zeolite and as a result, accurate estimation of the parameter is essential. 464 

Conventional methods would indicate that for the diffusion of species through a zeolite pore, Knudsen 465 

diffusivity would dominate. Knudsen diffusion, however, has no dependence on the size of a molecule; 466 

only it’s molecular weight. It is clear however when comparing the experimental diffusion coefficients of 467 

heptane and toluene through zeolites as well as the modeling results demonstrated here that this is 468 

insufficient. It is then clear that both kinetic diameter and molecular weight must be considered to 469 

properly compare the effect of a zeolite shell on a mix of alkanes and aromatic species. It is for this reason 470 

that the effective diffusivity, which incorporates both, was used as the point of comparison. 471 

 472 

The optimum shell thickness for a given species is defined relative to methane. For heavier and 473 

larger species, such as aromatics and long chain hydrocarbons, a relatively thin zeolite shell is sufficient 474 

to prevent significant reaction without overtly hindering the diffusion of lighter species such as methane. 475 



In some instances, the zeolite shell can even result in enhancement of reactant activity due to shifts in 476 

equilibrium. GHSV was also observed to influence the optimum shell thickness, this is likely a result of the 477 

definition of the OF, specifically how it is normalized by the performance of methane. An increase in GHSV 478 

reduces the conversion of all species while increasing the rate of reaction. As the least active hydrocarbon 479 

in the system, methane exhibits the largest loss in performance with increasing GHSV in the absence of a 480 

zeolite shell. Even for a low GHSV of 10,000, it only takes a shell merely 50 m in thickness to wholly 481 

prevent the reaction of toluene and heptane. Regarding the lighter hydrocarbons, propane and butane, 482 

at a GHSV of 10,000 the predicted optimum shell thickness for these species was 7.5 and 5 m 483 

respectively. At these thicknesses, the conversion of butane was reduced to 67%. Propane conversion was 484 

still approximately 96% at the predicted optimum shell thickness. This is likely a result of the similarity 485 

between propane and methane in terms of diffusivity and the definition of “optimum shell thickness”. 486 

Even though propane is not significantly hindered, methane conversion has been enhanced by nearly 10%.  487 
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Figure 5: Determined optimum zeolite shell thickness as a function of effective diffusivity for varying 491 

GHSV (1
ℎ

) 492 

4.0 Conclusion 493 

The multiscale model developed showed close agreement to experimental data. The zeolite shell 494 

inhibited the diffusion of all hydrocarbons; however, the larger hydrocarbons were much more strongly 495 

affected as expected. A criterion was developed to determine the optimal thickness to balance diffusional 496 

limitations imposed by the zeolite shell on desired and undesired reactions. The optimal thickness is a 497 

strong function of the effective diffusivity of the hydrocarbon taking into account the size and shape 498 

features. The kinetic diameter and molecular weight both affect the diffusivity which in turn determines 499 

the optimum shell thickness desired for that molecule. The effect of diffusivity on the optimum shell 500 

thickness was approximately linear up to a value on the order of E-12 at which point further decreases in 501 

diffusivity did not yield any significant impact on the shell thickness. When molecular weight was used as 502 

the basis of comparison, it seems apparent that heptane is both the heavier and larger hydrocarbon. 503 

However, when comparing model results and reported diffusion coefficient in literature, it is observed 504 

that heptane diffuses slightly more readily in zeolite. This behavior is best explained by the effect of the 505 

orientation of a molecule on its ability to diffuse through a pore. While toluene is a more rigid and 506 

symmetric aromatic hydrocarbon, a more flexible, moderate-chain hydrocarbon can diffuse more readily 507 

at specific orientations. For toluene and heptane, a 10 nm thick shell was sufficient to wholly inhibit 508 

reaction through induced mass transfer limitations. Hydrocarbons like propane and butane required a 509 

shell 7.5 and 5 μm thick. Increasing the gas-hourly-space-velocity from 10,000 to 60,000 ℎ−1 caused a 510 

decrease in the optimum shell thickness.  511 

 512 
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Notation 527 

α Power law dependence of n-butane in butane steam reforming - 

β Power law dependence of steam in butane steam reforming - 

ε Porosity of catalyst bed - 

γ Distance between adjacent sites - 

Aj Preexponential factor for rate constants kj - 

Ai Preexponential factor for constants Ki - 

A𝑝𝑝 Surface to volume ratio of catalyst particle  

Ci Concentration of species "i" mol m-3 

Cib Bulk concentration of species "i" mol m-3 



Cs,i Concentration of species "i" at the catalyst particle surface mol m-3 

Cp,i Concentration of species "i" within the catalyst particle mol m-3 

Dm,i Molecular diffusivity of species "i" 𝑖𝑖𝑖𝑖 𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠 m2 s-1 

Dk,i Knudsen diffusivity of species "i" m2 s-1 

DC,i Configurational diffusivity of species "i" m2 s-1 

De,i Effective diffusivity of species "i" m2 s-1 

Dp,i Diffusivity of species "i" through core catalyst m2 s-1 

Dz,i Diffusivity of species "i" through zeolite shell m2 s-1 

DT,k Scaled diffusion through model scale "k" - 

Ej Activation energy for reaction "j" kJ mol-1 

Ed,i Activation energy of diffusion for species "i" kJ mol-1 

Ec,i Activation energy of configurational diffusion for species "i" kJ mol-1 

Fi0 Inlet molar flow of species "i" mol hr-1 

Fi Molar flow of species "i" mol hr-1 

K1,3 Equilibrium constant for steam reforing reactions 1 and 3 bar2 

K2 Equilibrium constant for steam reforming reaction 2 - 

Ki Adsorption constant for species "i" - 

kj Rate constant for reaction "j" - 

k Boltzmanns constant m2 kg s-2 K-1 

∆Hj Enthalpy of reaction for reaction "j" kJ mol-1 

L Length of reaction zone m 

LT Thickness of zeolite shell m 

Mi Molar mass of species "i" g mol-1 

MCat Mass of catalyst g 

N Interparticle flux vector mol m-2 s-1 

n Outward flux vector mol m-2 s-1 



pi0 Partial pressure of species "i" bar 

P Total pressure bar 

rr Radius of reactor m 

rparticle Radius of core catalyst  m 

rpore Radius of core catalyst pores m 

rj Rate of reaction of reaction "j" mol g-1 hr-1 

Rp,i Interparticle rate of reaction for species "i" mol g-1 hr-1 

Rg Gas constant J mol-1 K-1 

T Temperature K 

T0 Reference temperature for diffusivity coefficients in table 8 K 

Tr Reference temperature used for parameter estimation K 

u Flow velocity m s-1 

Vi Atomic diffusion volume m3 

Xi Conversion of species "i" - 

χi Mole Fraction of species "i" - 

z Coordination number - 

 528 

 529 
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