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Abstract

To counter the equilibrium limitations in traditional methanol production from synthesis gas,

a periodic and sorption enhanced methanol synthesis process (SE-MeOH) with in situ removal

of water byproduct is designed and optimized. A generalized reaction-adsorption modeling

and simulation (GRAMS) framework is coupled with a simulation-based constrained grey-box

optimizer to obtain the optimal cycle configuration, design parameters, process specifications

and operating conditions. The best-case results indicate that SE-MeOH processes can break

the barrier of current limit of industrial methanol yield and improve it by 55-87% with a slight

compromise (9-46%) on CH3OH production capacity. This trade-off is a result of periodic

operation which is required for sorption enhancement. The techno-economic optimization of a

base industrial reactor also leads to more than 7% improvement in methanol yield with only

2% decrease in production capacity while keeping the cost of syngas-to-methanol production

competitive. The SE-MeOH system is further optimized through varying the feed specifications

and number of reactor tubes. The results suggest that the synthesis gas composition, flow rate

and number of tubes are the major factors in determining methanol process performance.
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1 Introduction

Methanol is one of the largest commodity chemicals produced in the chemical industry1, and is

a promising alternate fuel to rapidly depleting fossil fuels reserves2,3. For the past five years, the

demand of methanol has been steadily increasing at an average annual rate of 5%, and the global

annual demand is expected to reach 100 million tonnes by 20204. The soaring demand of methanol

is due to its varied potential uses as clean-burning liquid fuel, as energy carrier, as precursor of

several vital chemicals including olefins, formaldehyde, methyl tert-butyl ether, dimethyl ether,

acetic acid and biodiesel, and as a way for utilizing CO2
5–7.

The first commercial process for methanol production was designed by BASF in 1923, which

used synthesis gas as a raw material. Since then, methanol processes have undergone significant im-

provements to bring down the production costs8. Following the production of sulphur-free synthesis

gas, the Imperial Chemical Industries (ICI) developed a low-pressure methanol process in 1966 us-

ing a Cu-based catalyst9. As a result, the operating pressure of the process drastically reduced

from 350 atm to 50-100 atm. Currently, for producing methanol, two reactor designs dominate the

industry – (i) adiabatic ICI Kellogg reactor with cold gas injections for cooling, and (ii) shell and

heat exchanger-type multi-tubular Lurgi reactor. Both reactor configurations use Cu-ZnO-Al2O3 as

the methanol synthesis catalyst10. In industrial methanol reactors, the per-pass reactor conversions

are significantly lower than equilibrium conversions due to inherent thermodynamic limitations11.

The role of Cu in the Cu-ZnO-Al2O3 catalyst is widely debated in the literature. However,

the consensus is that metallic copper clusters provide the active sites for methanol synthesis12.

Overall, the following three reactions are mainly involved in methanol production from synthesis

gas mixtures consisting of H2, CO and CO2
13:

CO(g) + 2 H2(g) −−⇀↽−− CH3OH(g), ∆H298 = ∆Hr,I =−90.70 kJ/mol (I)

CO2(g) + 3 H2(g) −−⇀↽−− CH3OH(g) + H2O(g), ∆H298 = ∆Hr,II =−49.51 kJ/mol (II)

CO(g) + H2O(g) −−⇀↽−− CO2(g) + H2(g), ∆H298 = ∆Hr,III =−41.19 kJ/mol (III)

The reactions (I) and (II) are hydrogenation of CO and CO2 to form CH3OH, and reaction (III) is

the water gas shift reaction. The mechanism of methanol formation is convoluted and finding the

exact reaction mechanism remains an unresolved challenge. However, most of the earlier studies

agree with CO2 being the source of carbon for methanol synthesis14.

For methanol production in chemical industries, equilibrium limitations and catalyst deacti-

vation (sintering and poisoning) negatively affect the rate of production. Due to thermodynamic

limitations, low reaction conversions are obtained which necessitates reactants recycle, thereby

resulting in additional costs. Low single-pass conversions result in high amount of unconverted

reactants in the product stream, which thereby increases the size and utility consumption of down-

stream condensers, separators, compressors and heaters.

In the past, there have been several studies on improving the low methanol conversions by using
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the principles of process intensification (PI)15–20. PI focuses on improving the process performance

by bringing about significant improvements in terms of equipment sizes, utility consumption, pro-

cess productivity and waste generation. A majority of these studies on improving methanol reaction

performance have focused on membrane reactors21–27. Makertiharta et al.28 recently published an

article on the current state of the art in zeolite membrane reactor technology for methanol synthesis.

In this work, a different PI technology called sorption enhanced reaction process (SERP) is in-

vestigated, which simultaneously performs reaction and separation in a single, intensified column29.

An SERP system consists of a mixture of solid catalyst and adsorbent for facilitating simultaneous

reaction and in situ removal of one of the reaction products. Due to selective capture of reac-

tion (by)product, the equilibrium favorably shifts towards product formation conforming to the

Le Chatelier’s principle. The concept of SERP has been successfully implemented on a variety of

equilibrium-limited reactions including steam methane reforming30–35, water gas shift36–38, steam

reforming of ethanol39–43 and glycerol44–46, and claus process47,48. In our recent works18,19, a gen-

eral SERP synthesis and optimization framework has been developed that significantly improved

H2 production using new sorption enhanced reforming process configurations.

Several researchers have used the SERP concept for enhancing yield and conversion of equilibrium-

limited methanol synthesis reactions. These works predominantly differed in the configurations and

type of the reactors used, and the reaction byproduct(s) adsorbed (i.e., CH3OH and/or H2O). West-

erterp and co-workers49,50 introduced a solid adsorbent in methanol reactor to obtain higher yield

and reaction conversions. They used a gas-solid-solid trickle flow reactor (GSSTFR) with silica-

alumina adsorbent for capturing methanol product from the reaction gas mixture. The concept was

investigated both computationally and experimentally, and complete conversions of stoichiometric

reactant feed (CO and H2) were observed in a single reactor pass at high Damkohler numbers.

However, several difficulties including attrition, recycling complexity and non-uniform flow were

encountered in operating GSSTFR with continuously-circulating solid feed. To prevent the prob-

lems associated with solids handling, Westerterp et al.11 further proposed an absorption-based

two-bed reactor system with inter-stage product removal. Kruglov et al.51 suggested a different

reactor configuration, based on reaction chromatography and simulated moving bed principles, as

a feasible alternative to prevent moving solids problems. Amor et al.52 proposed another reactor

with an inbuilt copper tube acting as a condenser for removing the condensable products from the

gas phase (mostly methanol). Rahimpour and coworkers53,54 also studied the sorption-enhanced

methanol synthesis using several reactor types and predominantly used zeolite 4A as H2O adsor-

bent.

Even though there have been several earlier studies on sorption-enhanced methanol synthesis

processes (SE-MeOH), most of them either considered moving-bed reactor configurations which give

rise to solids-handling problems and/or used process operating parameters far away from realistic

industrial conditions. Therefore, despite of achieving high CH3OH yields and reactant conversions,

the implementation of the corresponding technologies became unwieldy and complex in an industrial
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setting. To counter the limitations in the previous studies, we propose a SE-MeOH process with

fixed-bed reactor configuration to match industrial production capacity levels with higher CH3OH

yields. The sorption-enhanced reactor consists of an admixture of methanol synthesis catalyst (Cu-

ZnO-Al2O3) and H2O adsorbent (NaX zeolite). Due to limited sorption capacity of the adsorbent,

the reactor bed is periodically regenerated thereby resulting in multi-step, multi-cycle periodic

process. Consequently, a single-column SE-MeOH system discontinuously produces the methanol

product as compared to conventional industrial reactors which operate continuously. Investigating

the tradeoff between production capacity and process performance, therefore, becomes crucial for

optimal SE-MeOH performance.

The performance of periodic SERP processes are heavily dependent on the types and sequence

of operation modes involved in a cyclic process. Furthermore, process operating conditions, feed

specifications, bed residence time and reactor design parameters profoundly impact the process

performance. Even though the optimal synthesis and design of SERP systems is of paramount

importance, the optimization of such systems are cumbersome due to the process nonlinearities,

dynamics, requirement for cyclic steady state and multiple process steps. These give rise to detailed

nonlinear and algebraic partial differential equation (NAPDE) models. The optimization of such

periodic, complex systems have been previously addressed by either solving large-scale nonlinear

problems obtained via complete discretization in spatial and temporal domain55–57 or by developing

and optimizing equivalent reduced-order surrogate-models17,58–62. The complete-discretization ap-

proach depends on simplified process models for generating a tractable set of algebraic equations,

which are amenable to present-day nonlinear programming solvers. In contrast, the surrogate-

model approach allows for more detailed process models to capture the complex dynamic nature

of processes. To preserve the complexities of SERP, the simulation-based constrained grey-box

optimization strategy, introduced earlier in Bajaj et al63 and Arora et al19, has been used which

develops surrogate models based on input-output simulation data.

To this end, an industrial methanol-reactor case study is first adopted from Rezaie et al64 as

the base case and the accuracy of our process simulation model is validated with their published

industrial data. Following this, the advantages of replacing some catalyst (present in their reactor)

with H2O adsorbent are demonstrated which results in higher CH3OH yields at comparable produc-

tion capacity levels. Two different optimization studies are performed for (i) optimizing base case

industrial reactor using SERP technology with fixed synthesis gas feed specifications and reactor

design specifications, and (ii) designing a novel SE-MeOH process with optimized process operating

conditions, reactor design and feed specifications. For both cases, the objective function consists of

methanol-yield maximization and methanol production cost minimization. Throughout the study,

it is ensured that feed specifications, process operating conditions and methanol production capac-

ities considered are relevant in an industrial setting. Due to periodic nature of SE-MeOH systems,

their production capacity is lower compared to conventional continuously-operating industrial re-

actors. Therefore, the tradeoff between the improved SE-MeOH process performance (in terms of
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CH3OH yield, production cost and raw material consumption) and the compromise on amount of

methanol produced is investigated. Lower production capacities can reduce the overall profitability

of methanol production and studying such scenarios would necessitate detailed techno-economic

analysis. However, the synthesis gas production cost is beyond the scope of this work, and the only

focus here is to minimize the cost of production of methanol from synthesis gas.

The article is structured as follows. In section 2, a brief review of periodic sorption enhanced

processes is provided along with the overall methanol synthesis process flowsheet that is considered

in this work. Section 3 outlines the overall optimization model for optimal design and operation

of SE-MeOH processes. This section describes the set and indices, and the objective function

and constraints employed in the SE-MeOH optimization model. The rate expressions used for

capturing adsorption and reaction dynamics of SE-MeOH processes are also described along with

process cost correlations. Section 4 covers the simulation-based two-phase grey-box optimization

strategy used for solving the NAPDE-based SE-MeOH process model. In section 5, the performance

of the resultant optimal SE-MeOH processes are compared with a base-case industrial reactor. The

comparison results are reported for two scenarios which include (i) improving industrial reactor

performance using SERP technology and (ii) optimizing the industrial reactor using SERP with

variable synthesis gas feed composition and flow rate. Finally, in section 6, the conclusions of this

study are reported summarizing the statistics of SE-MeOH process performance improvements over

traditional methanol reactor.

2 Sorption Enhanced Methanol Synthesis (SE-MeOH)

The SERP technology leverages the Le Chatelier's principle to shift reaction equilibrium in favor

of production of desired product by in-situ capture of reaction byproduct(s)65. SERP systems

comprise of a uniformly-mixed or heterogeneously-compartmentalized mixture of catalyst and ad-

sorbent for facilitating reaction(s) and adsorption, respectively. Due to limited adsorption capacity

of adsorbent, SERP systems are periodic in nature as removing the adsorbed chemical species is

essential for continuous process operation66. In a given SERP cycle, some process steps are aimed

at producing the desired chemical species whereas others are focused on adsorbent regeneration.

The regeneration can be achieved using several methods including pressure-, concentration- and/or

thermal-swing67, and an efficient regeneration strategy is vital for optimal process performance

and economics. As a result, the types of process operation modes selected and their sequential

arrangement significantly impact SERP performance.

[Figure 1 about here]

For a single fixed-bed SERP column that undergoes bed regeneration through concentration

and/or pressure swing, six operation modes are possible at most. Figure 1 depicts these opera-

tion modes, which consist of three forward-flow operation modes – (i) sorption-reaction (SR), (ii)
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pressurization (P), (iii) depressurization (DP) and three reverse-flow operation modes - (iv) reverse

sorption-reaction (rSR), (v) reverse pressurization (rP) and (vi) reverse depressurization (rDP).

The simulation of these operation modes primarily differs in the boundary conditions (at inlet and

outlet boundaries) used for each of them. During the SR and rSR operation modes, both the

walls of the column are open which require open-open boundary conditions. For P and rP modes,

one end of SERP column is open at which pressure raises with time, and the other end is closed.

Consequently, open-closed boundary conditions are used for simulating such operation modes. The

depressurization modes (i.e., DP and rDP) are the opposite of the pressurization modes, and the

boundary conditions used for simulating them are similar as that of the pressurization modes.

[Figure 2 about here]

The SERP concept is applied for promoting CH3OH synthesis via in situ H2O removal. As

shown in Figure 2, the resulting periodic SE-MeOH process for producing CH3OH from synthesis

gas is integrated in the overall process flowsheet. During the first step of the cyclic process, synthesis

gas consisting of a mixture of H2, CO2, CO, CH4, inerts, and small amounts of CH3OH and H2O

enter the compressor at 51.2 bar and 323 K68. The compressor increases the synthesis gas pressure

to the desired levels required in the downstream methanol reactor. The compressed synthesis gas

is then passed through the heat exchanger where it takes up excess heat from the product stream

produced during first step. The remainder of the heat is provided by the heater upstream of the

reactor so that the temperature can be raised to desired levels.

The fixed-bed, multi-tubular methanol reactor consists of a sorbent-catalyst mixture and con-

verts synthesis gas to CH3OH with in-situ removal of H2O from the gas mixture via adsorption.

For recovering the produced CH3OH, the product stream is firstly cooled to 311 K by using a se-

quence of heat exchanger and cooler units. The cooled stream is then sent to a flash tank to remove

most of the light key components from the liquid mixture. The vapor stream from the flash tank

can be recompressed and recycled back to the reactor to obtain higher overall reaction conversions.

However, the recycling stream is not considered in the process flowsheet for simplification purposes.

If recycle stream were considered, significant computational resources would need to be spent for

achieving cyclic steady state, which is beyond the scope of the work. The liquid stream from the

flash stage predominantly consists of CH3OH and H2O, and it is processed in a multi-stage distil-

lation column for achieving CH3OH-H2O separation. The composition specifications of the column

are assumed to be bottom products with 0.01 mol % CH3OH, and distillate with 0.1 mol % H2O
68.

During the regeneration stages of the periodic SERP systems, a purge gas consisting of nitrogen is

used for desorbing and purging H2O out of the reactor. Figure 2 also shows an illustrative 4-step

SE-MeOH cycle which can be used for achieving periodic CH3OH production and bed regeneration.

The sequence of the operation modes in the period cycle is as follows: (i) SR, (ii) DP, (iii) purge

and SR (iv) P.
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3 SE-MeOH Process Synthesis Model Formulation

This section describes the model formulation for optimization of SE-MeOH systems. The section

outlines the sets and indices used, CH3OH yield maximization and cost minimization objectives

formulated, overall process and product specification constraints employed, and the assumptions

taken in our optimization studies. To simulate SE-MeOH systems for generating input-output

data, a generalized reaction-adsorption modeling and simulation (GRAMS) framework is used,

which solves the partial differential equations (PDEs) described in Eqs. (T2.1)-(T2.8) later in

Table 2, section 3.3. In GRAMS, the respective PDEs are discretized in spatial domain using the

finite volume method to obtain a set of ordinary differential equations (ODEs). The resulting ODEs

are then solved using ode15s solver in MATLAB. Further information regarding the simulation of

SERP systems can be found in Arora et al18. Here, the appropriate adsorption and reaction rate

expressions, simplifying modeling assumptions and process performance metrics and cost relations

are described which are used for simulations.

3.1 Model Assumptions

The following assumptions have been taken to simplify the modeling, simulation and optimization

of SE-MeOH processes:

� There are no radial gradients of temperature, pressure and concentrations in the reactor69.

� Pseudo-homogeneous model is assumed with a constant effectiveness factor.

� There is no recycling of the unconverted CO and CO2 reactants64,70.

� The methanol synthesis catalyst does not undergo catalyst deactivation, and the effectiveness

factor of methanol synthesis reactions is one71.

� The ideal gas law is followed72–75.

� The CH3OH synthesis reactions occur in the gas phase, and there are no side reactions76.

� The boiling water on shell side of the Lurgi reactor (which is used for cooling) is not modeled,

and it is assumed that it maintains the wall of the tubes at a constant temperature which is

the same as of feed temperature.

� The synthesis gas feed to the methanol reactor is free of sulphur.

� Only H2O is adsorbed on the NaX Zeolite adsorbent77.

� In periodic SE-MeOH processes, the first process step is fixed as an open-open step (i.e., SR

or rSR) during which synthesis gas mixture is fed to the reactor and methanol product is

produced.
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� If a process cycle has a purge operation mode, nitrogen is used as the purging gas. Fur-

thermore, the superficial velocity of purging stream is four times that of first step (i.e.,

sorption-reaction step) to achieve significant bed regeneration.

� For computational efficiency, the simulations are performed for 10 spatial volumes and 20

process cycles. It was observed that an increase in either of the two values did not show any

change in the process performance metrics values.

� The pressure changes linearly during pressure-changing steps (i.e., P, DP, rP and rDP).

� The temperature of the reactor outlet stream is reduced to 448 K after passing through heat

exchanger68.

� The cooler reduces the product feed temperature from 448 to 311 K, and the corresponding

pressure drop is 3.4 bar68.

3.2 Indices and sets

[Table 1 about here]

In the SE-MeOH optimization model, several sets and indices are used. These sets and indices have

been reported in Table 1 along with their significance in the optimization model. The set I consists

of all the chemical species present in the CH3OH synthesis process, and includes CH4, CO2, CO,

H2O, H2, CH3OH and inerts (nitrogen). There are several process units in the methanol flowsheet

required for efficiently synthesizing CH3OH from synthesis gas. The unit operations are contained

in set E, and include methanol reactor, flash tank, distillation column, heat exchanger, compressor,

heat exchanger, cooler and wastewater treatment. The maximum number of process steps in SE-

MeOH cycle is limited to four, and therefore, the corresponding step numbers are included in set S.

The inlet feed stream, corresponding to the four steps, are referred to in the set FS. Since only two

reactions (CO2 hydrogenation and water gas shift reaction) are needed to be considered according

to the reaction kinetic model of Froment et al.78, a set R is defined for the corresponding reactions

(II) and (III). Any of the four process steps can assume one of six possible mode of operations,

which are SR, DP, P, rSR, rDP and rP. These possible modes of operations have been included in

the set M . For running an SERP simulation, the boundary conditions for several variables such

as velocity, pressure, gas phase mole fraction, gas temperature and wall temperature are required.

The set B is defined for these variables at both inlet (Z = 0) and outlet boundaries (Z = 1).

Finally, the set Pall is defined which consists of initial column pressure (P0) and column pressures

at end of each process steps (P1, P2, P3 and P4).

3.3 Conservation Equations and Process Constraints

Table 2 reports the conservation equations and process constraints posed in the SE-MeOH opti-

mization model. The description of the state variables and parameters used can be found in the
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nomenclature in the Supporting Information (section S1). Among the defined constraints, the di-

mensionless conservations equations are derived from the first-principles modeling equations and

consist of PDEs comprising of component mass balance (Eq. T2.1), total mass balance (Eq. T2.2),

bed energy balance (Eq. T2.3), wall energy balance (Eq. T2.4) and momentum balance (Eq.

T2.5). For describing the adsorption kinetics and adsorbent saturation capacity at equilibrium, the

linear driving force model and dual-site Langmuir adsorption isotherm are used, respectively (Eqs.

T2.6-T2.7). The reaction rate expressions, present in the conservation equations, is dependent

on concentrations, pressure and temperature with a functional form mentioned in Eq. (T2.8). A

detailed description of the overall model with original PDEs and the resulting ODEs obtained after

spatial discretization via finite volume method can be found elsewhere18,19.

The variables, which are being optimized, include mole fraction of CO2 (yCO2,fs1) and CO

(yCO,fs1) in the reactant feed stream fs1, process steps pressure (Ps) and duration (ts) for each

step s, synthesis gas feed flow rate (ṅfs1) and adsorbent-to-catalyst mass ratio (αc). These decision

variables are appropriately bounded using lower and upper bounds, and the corresponding box

constraints are reported in Eqs. (T2.9)-(T2.15). It should be noted that the absolute values of

pressure variables are used for obtaining SERP column operating pressure, and the sign of the

pressure variables determine the flow direction in a given operation mode. Since the lower and

upper bounds on pressure values (Ps) will have negative and positive values, respectively, samples

may be generated with undesirable Ps values close to or equal to 0. To avoid generating samples

at very low pressures (i.e., in vicinity of Ps = 0 bar), we constrain the absolute value of Ps to be

at least 1 bar. The value of 1 bar is selected to ensure that vacuum pumps are not needed during

SERP operation. Therefore, on the implementation side, any of the samples with 0 ≤ Ps < 1 are

reassigned the value of 1 bar, and the same is done for −1 < Ps < 0 where it is reassigned to

-1 bar. More information regarding the use of continuous pressure variables for optimizing SERP

cycle configurations can be found in Arora et al19.

[Table 2 about here]

Several process and product specifications constraints are also imposed for obtaining a realistically-

possible CH3OH process cycle with desired performance19. Several novel modeling contributions

(Eqs. T2.16-T2.23) are made for periodic cycle configuration and optimization of SERP systems.

Typically, SERP processes either operate at same pressure throughout a cycle or undergo significant

change in operating pressure. Therefore, Eq. (T2.16) ensures that the process steps either operate

at same pressure (as in SR and rSR), or they undergo significant pressure change (as in P, rP, DP

and rDP). Eq. (T2.16) constitutes the key set of constraints which help us in obtaining the types

and sequence of operation modes in an SERP cycle using continuous pressure variables. Further-

more, the duration of the pressure-changing process steps are upper-bounded using Eq. (T2.17) to

reduce overall cycle time. This constraint ensures that the duration of pressure-changing steps is

equal to tlb seconds. To obtain a minimum threshold amount of CH3OH product from the periodic
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SE-MeOH process, the constraint Eq. (T2.18) is imposed. As the amount of CH3OH produced

by the process cannot be defined a priori and requires a simulation, this constraint is referred to

as a black-box constraint. Eq. (T2.19) is used for breaking the cyclic symmetry typically present

in the SERP systems. In the periodic processes considered, it is ensured that the first step is

a sorption-reaction step (P0 = P1) and at the end of the process cycle, the pressure is brought

back to the initial reactor pressure (PNS = P0) where NS = 4 is the maximum number of al-

lowable process steps. Each of the six possible operation modes (as shown in Figure 1 in section

2) have their own set of corresponding boundary conditions for pressure, temperature, gas-phase

mole fraction, gas temperature and wall temperature. A unified boundary condition formulation

(Eq. T2.20-T2.23) is defined which can be used for obtaining boundary conditions for any of the

operation modes. By just utilizing the pressure values in Pall vector, the generalized expression can

obtain boundary conditions for each process step s in an SERP cycle. This formulation requires

the boundary conditions for each of the six possible operation modes, which have been reported

in Table S1 in the Supporting Information. Overall, in the simulation-based optimization strategy,

Eqs. (T2.16)-(T2.23) are utilized for optimizing the types and sequence of operation modes in

SERP process cycle using continuous pressure variables. The grey-box optimizer generates a set

of decision variables vector which include continuous pressure values, and the corresponding SERP

cyclic configuration is then simulated using GRAMS.

3.4 Decision Variables Bounds

There are twelve decision variables in our optimization model, since the maximum number of

process steps in the SE-MeOH cycle is considered to be four. The considered decision variables

include the compositions of CO2 and CO in synthesis gas feed, three pressure values which describe

the cyclic configuration and operating pressures, four step duration variables, two variables for feed

flow rate and temperature, and adsorbent-to-catalyst mass ratio. Note that the first process cycle

step is fixed as a sorption-reaction step to break the problem symmetry. These variables have been

appropriately bounded with lower and upper bounds, which can be found in Table 3. For bounding

chemical species’ composition in synthesis gas feed, four different industrial reactor conditions were

considered to obtain the typical synthesis gas compositions in methanol synthesis plants13. The

minimum and maximum values of compositions (among the four synthesis gas feed specifications)

were set as lower and upper bounds, respectively (Table 3). Furthermore, it is assumed that feed

consists of 2.47% inerts and the remainder of the feed is composed of H2. The upper bound on the

column pressure is taken as 76.98 bar, which is the operating pressure of an industrial methanol

reactor64, and the lower bound on pressure is kept as 1 bar. The step duration are assumed to be

in the range 30-1000 s, and the steps during which column pressure changes (P, DP, rP, rDP) are

constrained to be 30 s long to reduce overall cycle time. The synthesis gas feed flow rate is assumed

to vary between 0.3-1.0 mol s−1, which is the typical range of industrial feed specification79. The

feed temperature variable has a narrow range of operation between 493 and 543 K80, and the

10



adsorbent-to-catalyst ratio is assumed to vary between 0-0.5.

[Table 3 about here]

3.5 Adsorption Kinetics Model

In published literature, several adsorbents have been used for capturing H2O which include zeo-

lites, silica gel, hygroscopic salts, activated carbon, aluminophosphates and polymeric desiccants81.

Among them, hydrophilic zeolites are suitable for H2O adsorption in SE-MeOH processes due to

high adsorption capacity and thermal stability at moderately high temperatures. In fixed-bed SE-

MeOH systems, the H2O adsorbent must be suitably selected such that the affinity towards H2O

is not too high which may result in difficult regeneration. Therefore, NaX zeolite is preferred over

zeolite 4A or 5A as it has moderate affinity towards H2O adsorption65.

In the linear driving force model used for capturing the adsorption dynamics of H2O on NaX

Zeolite (Eq. T2.6), the dimensionless mass transfer coefficient (αi) is calculated using the following

equation82:

αi =
15.L

r2p.v0

εp.Dp,i

εp +
ρp,ads.R.T .T0.qs,0

P0

(
∂x∗i

∂(yi.P )

) (1a)

where L is the bed length. rp, ρp,ads and εp are the adsorbent particle radius, density and porosity,

respectively. P and T are dimensionless pressure and temperature, and P0 and T0 are the corre-

sponding scaling parameters. qs,0 and v0 are the scaling parameters for solid loading capacity and

interstitial velocity, respectively. A dual-site Langmuir adsorption isotherm model is used for fit-

ting the experimentally-obtained adsorption capacities of H2O on NaX Zeolite (Eq. T2.7). bi,1 and

bi,2 are the dual-site isotherm parameters and are dependent on temperature in an Arrhenius-type

manner as follows:

bi,1 = bo,i,1. exp

[
− ∆Ui,1

R.T .T0

]
(1b)

bi,2 = bo,i,2. exp

[
− ∆Ui,2

R.T .T0

]
(1c)

where, ∆U1 and ∆U2 are the heat of adsorption of sites 1 and 2, and bo,i,1 and bo,i,2 are the dual-site

isotherm's fitting parameters.

For obtaining dual-site fitted parameters, the experimental data for adsorption of H2O on NaX

Zeolite at 373 K and 548 K are obtained from Chuikina et al.83 and Carvill et al.65, respectively. The

obtained equilibrium adsorption capacities

(
q∗H2O

=
x∗H2O

x0

)
is fitted as a function of temperature

and partial pressure of H2O. An optimization problem, based on least-squares fitting, is formulated
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and solved using the nonlinear programming solver ANTIGONE84 in the GAMS environment. The

experimental data and the fitted dual-site Langmuir isotherms are shown in Figure 3, and the

respective fitting parameters and other required parameters for simulating adsorption dynamics

are reported in Table 4.

[Table 4 about here]

[Figure 3 about here]

3.6 Reaction Kinetics Model

Several kinetic models for CH3OH synthesis over commercial Cu-ZnO-Al2O3 catalyst exist for

both gas-phase and liquid-phase reactions78,85–90. The models predominantly differ in pressure and

temperature ranges considered, and the composition of Cu, Zn and Al in the catalyst. The kinetic

models of Bussche and Froment78 and Graaf et al.88 are the most popular for simulating CH3OH-

synthesis reactions physics. The model of Bussche and Froment is adopted as it addresses some

of the limitations of other kinetic models91. In this model, it is assumed that CO2 is the primary

source of carbon for CH3OH synthesis. As the three reactions involved in CH3OH synthesis are

linearly dependent, only CO2 hydrogenation and reverse water gas shift reactions (reactions II and

III) are considered in their study. The corresponding rate expressions, obtained from their study,

are reported in Table 5. RII and RIII are the dimensionless reaction rates of CO2 hydrogenation

and water gas shift reactions, and these parameters have been appropriately scaled using a scaling

parameter r0. r0 has been primarily used for maintaining the dimensionless nature of the model

and is set equal to one in the process simulations.

[Table 5 about here]

3.7 Process Performance Metrics

The performance of SE-MeOH systems is gauged by computing values of single-pass CO2 conversion,

CO conversion, CH3OH yield and CH3OH production cost80. Higher values of reaction conversion

and yield, and lower CH3OH production cost are desirable to obtain an efficient process, which in

turn would result in lower recycle ratios and significant capital and operating costs savings. The

metrics are calculated for the first step duration when synthesis gas is fed to the reactor, and the

product CH3OH is obtained from the periodic or continuous process.

CO2 conversion is calculated by obtaining the percentage of CO2, present in the inlet synthesis

gas feed, which converts to form CH3OH80:

CO2 conversion (%) =
nCO2,in − nCO2,out

nCO2,in
× 100 (2a)
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CO conversion is computed by calculating the percentage of CO converting into CH3OH80:

CO conversion (%) =
nCO,in − nCO,out

nCO,in
× 100 (2b)

CH3OH yield metric helps us in realizing the actual amount of CH3OH formed in comparison to

the highest possible amount of CH3OH which would have formed if all of entering CO2 and CO

had converted to CH3OH. Therefore, CH3OH yield is defined as the number of moles of CH3OH

formed per mole of carbon entering in synthesis gas feed (in form of either CO or CO2), and is

computed as follows91:

CH3OH yield (%) =
nCH3OH,out − nCH3OH,in

nCO,in + nCO2,in
× 100 (2c)

The following metric, consisting of total cost incurred for producing a kilogram of CH3OH (TC),

is defined to evaluate the economic feasibility of CH3OH synthesis process:

TC

(
$

kg CH3OH

)
=

AIC

PCCH3OH
+OC (2d)

where AIC is the annualized investment cost incurred for CH3OH synthesis in $ per year, PCCH3OH

is the annual CH3OH production capacity in kilograms, and OC is the overall operating cost of the

process in $ per kg CH3OH.

3.8 Correlations for Cost Estimation

The following expression is used to obtain annualized investment cost (AIC)92:

AIC =
It.IR

1− 1

(1 + IR)te

×
[
1− tt − te

tt(1 + IR)te

]
(3a)

where IR = 10% is the interest rate, te = 15 years and tt = 25 years are the economical and technical

lifetimes, and It is the total investment cost. The CH3OH production process from synthesis gas

consists of the following production units - methanol reactor, flash tank, distillation unit, heat

exchanger, compressor, heater, cooler and wastewater treatment. The total investment cost (It) is

the sum of all equipment costs, and is computed as follows:

It =
∑
e∈E

TICe (3b)

where the individual equipment costs can be found in Table 6.

[Table 6 about here]
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For calculating the operating cost (OC) of the process, the sum of the operating costs of

compressor, heater, cooler, and distillation column is obtained. Therefore, the overall expression

for computing operating costs of CH3OH synthesis process is as follows:

OC

(
$

kg CH3OH

)
= OCcom +OCheat +OCcool +OCdist (3c)

where OCcom, OCheat, OCcool and OCdist are respectively the operating costs of compressor, heater,

cooler and reboiler stage of distillation column in $ per kg CH3OH.

The power consumed by compressor is denoted by Scom, and is calculated as follows17:

Scom (W) =
1

ηmηc
FSG,inRTfs1

(
γ

γ − 1

)(Phigh

Plow

)γ − 1

γ − 1

 (3d)

where ηm and ηc are the compressor and motor efficiency which are equal to 95% and 75%, re-

spectively. FSG,in and Tfs1 are the incoming synthesis gas molar flow rate in kmol s−1 and feed

temperature in K, Phigh and Plow are respectively the exiting and incoming synthesis gas feed pres-

sures, and γ is the heat capacity ratio and is assumed to be equal to 1.40. The overall compressor

power consumed is the sum of power consumed for compressing synthesis gas during the first pro-

cess step and during the bed pressurization stages. The electricity consumed by the compressor

(MWh per cycle) can be computed as follows:

Ecom =
Scom.t1

3600
(3e)

The price of the electricity is assumed to be $70 per MWh17. Therefore, the operating cost of

compressor is:

OCcom =
70× Ecom

CH3OH produced in kg per cycle
(3f)

Due to compressor work, the temperature of the exiting synthesis gas feed is higher and is computed

using the following relation93:

To,com = Ti,com +
Ti,com
ηc

(Phigh

Plow

)γ − 1

γ − 1

 (3g)

where To,com and Ti,com are respectively the outgoing and incoming synthesis gas feed temperatures.

The temperature of synthesis gas is further raised from To,com to To,he with the use of a heat

exchanger which transfers the excess heat from methanol reactor outlet stream to synthesis gas

reactant feed. The remaining heat duty to raise synthesis gas temperature from To,he to the desired

reactor temperature (Treac) is provided by a heater, and the required heating duty is computed as
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follows:

Sheat (MW) =

∑
i∈I Fi,in

∫ Treac
To,he

Cp,idT

ηh
(3h)

where Fi,in is the molar flow rate of species i to the heater in kmol s−1, Cp,i is the molar heat

capacity of species i in kJ mol−1 K−1, and ηh = 0.8 is the heater efficiency19. As the purge gas is

assumed to be available at desired reactor conditions during regeneration stages, the heater is only

used for heating the reactant synthesis gas and not the nitrogen purge. Medium-pressure steam is

used for heating purposes which has an operating cost (OCsteam) of $29.59 per MWh ($8.22 per

GJ)68. Therefore, the overall operating cost of the heater (OCheat) is calculated using:

OCheat =

OCsteam

(
Sheat.t1

3600

)
CH3OH produced in kg per cycle

(3i)

For obtaining the amount of heat rejected to the cooler, the amount of heat transferred due to

latent heat of condensation of CH3OH and H2O, and the sensible heat required for reducing the

temperature to 311 K is calculated. The heat of condensation is assumed to be 12 kJ mol−1 and

34 kJ mol−1 for CH3OH and H2O, respectively. The heat capacities of the species involved are

obtained using the Shomate equation94. In the cooler, cooler water is used and the change in its

temperature is fixed to be 10 K. The overall amount of cooling water required (in kg per cycle) is

calculated as follows:

MCW =
t1QC

Cp,CW∆T
(3j)

where, Cp,CW is the heat capacity of cooling water, ∆T is the drop in cooling water temperature

and is assumed to be 10 K, Qc is the overall sensible and latent heat rejected to the cooler in kW,

and t1 is the duration of first process step in seconds. It is assumed that the amount of electricity

being used is 0.528 W per kg cooling water61. Therefore, the overall operating costs of the cooling

unit is as follows:

OCcool =
Cc. MCW

CH3OH produced in kg per cycle
(3k)

where, Cc is the cost of cooling water in $ per kg. The amount of reboiler heat in the distillation

column is assumed to be 0.0215 kW which is obtained by linearly scaling the reboiler duties w.r.t

production typical capacities in this study and in the work of Luyben68. This heat is provided by

low-pressure steam which has a cost of $7.78 per GJ68. Therefore, the operating cost of distillation

column is as follows:

OCdist =
Rc. t1.

CH3OH produced in kg per cycle
(3l)
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where, Rc = 1.673× 10−7 is the reboiler cost in $ per second.

3.9 Objective Function

Maximizing CH3OH yield: The objective function for maximizing the average CH3OH yield pro-

duced via SE-MeOH during the first process step (i.e., sorption-reaction) is as follows:

max methanol yield (%) =(∫ t1
0

yCH3OH.P .P0.v.v0

R.T .T0

∣∣∣∣
Z=1

dt

)
εb.π.r

2
in −

(
yCH3OH.P .P0.v.v0

R.T .T0

∣∣∣∣
Z=0

)
.t1.εb.π.r

2
in(

(yCO + yCO2) .P .P0.v.v0

R.T .T0

∣∣∣∣
Z=0

)
.t1.εb.π.r

2
in

× 100

(4a)

where yCH3OH, yCO and yCO2 are respectively the gas phase mole fraction of CH3OH, CO and

CO2. P , v and T are the dimensionless gas phase pressure, interstitial velocity and temperature,

respectively, and P0, T0 and v0 are their respective scaling parameters. Z = 0 and Z = 1 denote

the reactor's inlet and outlet boundaries, and L is the bed length. εb and rin are respectively the

bed void fraction and tube inside radius. t1 is the step one duration in SE-MeOH process cycle.

The numerator denotes the overall number of moles produced from synthesis gas conversion, and

the denominator computes the total number of moles of CO and CO2 fed to the reactor.

Minimizing CH3OH production cost: The second objective function, considered in the optimization

studies, consists of minimizing the overall production costs of CH3OH as follows:

min TC

(
$

kg CH3OH

)
=

AIC

PCCH3OH
+OC (4b)

where the cost relations for computing the annualized investment costs (AIC) and operating costs

(OC) are reported in section 3.8.

This concludes the NAPDE model for the optimal synthesis of SE-MeOH process for CH3OH

production.

4 Optimization Strategy

The synthesis and optimization of SERP processes are extremely challenging due to stiff NAPDE-

based models; non-isothermal, non-adiabatic and non-isothermal process dynamics with reaction-

adsorption tradeoff; large number of decision variables; cyclic steady state condition; and multi-

step and periodic nature of the problem with periodic boundary conditions. For performing such

a demanding optimization, a robust and systematic optimization framework is used for identifying
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optimal SE-MeOH cyclic configuration and operating conditions. The framework uses a simulation-

based grey-box optimization strategy, which was developed in an earlier work by Bajaj et al.63. The

grey-box optimizer is coupled with the GRAMS simulation framework for generating input-output

data18. The input data to GRAMS consist of decision variables vector x, and the output vector

consists of objective function and corresponding constraints violation values. The interested readers

are referred to Arora et al.19 and Bajaj et al.63 for the specifics of the optimization algorithm and

the interconnection between the algorithm and GRAMS in more detail. Here, a brief overview of

the algorithm is provided for a basic understanding of the workflow of the algorithm.

The overall SE-MeOH optimization problem is postulated as a grey-box constrained problem.

The term grey-box is used for problem definition as the SE-MeOH reactor is not a complete black-

box, and system information is utilized in the algorithm while performing optimization. In the

postulated problem, the objective function and some of the constraints are called black-box as the

analytical forms of these functions are not known a priori, and the corresponding values could only

be computed by performing simulations. Specifically, the black-box objective functions consist

of CH3OH yield (Eq. 4a) and production cost (Eq. 4b), and the black-box constraint includes

minimum CH3OH production capacity constraint (Eq. T2.18). The analytical form of the rest of

the constraints in Table 2 (section 3.3) are available, and therefore, they are not black-box. Overall,

the SE-MeOH optimization problem is reworked as follows:

min./max.
x

f(x) [Eqs. (4a) or (4b)] (5a)

s.t. hw(x) = 0 ∀w ∈ {1, ...,W} [Eqs. (T2.1)− (T2.8), (T2.19)− (T2.23)] (5b)

gu(x) ≤ 0 ∀u ∈ {1} [Eq. (T2.18)] (5c)

gv(x) ≤ 0 ∀v ∈ {1, ..., V } [Eqs. (T2.9)− (T2.17)] (5d)

x ∈ [xL, xU ] [Table 3] (5e)

where x ∈ Rn is the decision variables vector, which includes CO2 and CO mole fraction in synthesis

gas feed (yCO2,fs1 and yCO,fs1), process steps pressure (Ps) and duration (ts), synthesis gas molar

flow rate (ṅfs1), feed temperature (Tc) and adsorbent-to-catalyst mass ratio (αc). The lower and

upper bounds on decision variables can be found in Table 3 (section 3.4). The above problem

minimizes or maximizes the objective function f(x) : Rn → R subject to equalities he(x) : Rn → R,

known constraints gv(x) : Rn → R and unknown black-box constraints gu(x) : Rn → R. The

objective function f(x) is either maximization of CH3OH yield (Eq. 4a) or minimization of CH3OH

production cost (Eq. 4b). Eqs. (T2.1) - (T2.8) and (T2.19)-(T2.23) constitute the W equality

constraints of the form hw(x). In Table 2 (section 3.3), Eqs. (T2.9)-(T2.17) constitute V number of
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known constraints gv(x). There is only one black-box constraint gu(x), which indicates minimum

CH3OH production capacity (Eq. T2.18).

[Figure 4 about here]

The overall workflow of the grey-box algorithm, used to solve the above optimization problem,

is shown in Figure 4. It comprises of two phases, namely feasibility phase and optimization phase.

Both the phases of the algorithm are coupled with the GRAMS framework for generating input-

output data. The input to GRAMS consists of decision variables vector x which are feasible w.r.t

known constraints gv(x), and the output from GRAMS include the values of objective function

f(x) and violation of black-box constraint gu(x). The algorithm enters the feasibility phase when

the initial guess provided is infeasible. The objective of the feasibility phase is to find a feasible

solution subject to both known and black-box constraints. Once a feasible solution has been found,

the algorithm proceeds to the optimization phase where the aim is to improve the objective value

while maintaining feasibility.

Throughout the optimization algorithm, the equivalent surrogate functional forms of objective

function f(x) and black-box constraints gu(x) are approximated by fitting input-output simulation

data over cubic radial basis functions. The form of these functions can be found in the paper

of Gutmann et al95. For generating a space-filling set of decision variables samples, another op-

timization problem is postulated and solved. The formulation of both fitting and space-filling

optimization problems can be explored further in Arora et al19. The optimization algorithm gener-

ates 10k samples during the space-filling problem (k = number of decision variables), which serve

as an interpolation set for the surrogate-model fitting problem. The interpolation set is updated

throughout the algorithm by improving the geometry and poisedness of the constituting interpo-

lating points. These features of the algorithm, along with the convergence conditions, can be found

in Bajaj et al63.

The quality of the solution obtained from the grey-box optimizer relies on the initial guess. For

improving the chances of obtaining a better objective value, twenty different initial guess points are

used. The latin hypercube sampling function in MATLABTM is used for generating initial samples

points for simulation, which are fairly spread out in the decision variables space. The corresponding

optimizations, for each of the generated initial guess, are then performed until the convergence is

achieved or the runtime exceeds 120 hours.

5 Results and Discussion

This section reports the optimized SE-MeOH process results for both with and without variable

synthesis gas feed specification cases. For each of the cases, the optimized results for both CH3OH

yield maximization and cost minimization are presented.

18



5.1 Base Case: Industrial Methanol Reactor

Before delving into the optimization studies, a base case is used which consists of a Lurgi-type

methanol industrial reactor adopted from Rezaie et al64. The objective here is to study the effect of

partial replacement of Cu-ZnO-Al2O3 catalyst with NaX zeolite on CH3OH yield, which eventually

dictates the performance of the CH3OH synthesis process.

[Figure 5 about here]

Base case without sorption-enhancement: To this end, firstly, the methanol reactor is sim-

ulated (in absence of adsorption) using the exact process operating conditions, feed specifications

and design parameters as that of the industrial reactor (see Figure 5). Even though the reactor

performance data are available for the entire 1200 days of operation of the industrial methanol

reactor in Rezaie et al64, only the data point for the first day of operation is used when the catalyst

is fully activated. This is done to have a fair comparison with our model predictions as catalyst

deactivation is not considered in our process model. As a few of the parameters are missing in

the original study, other sources in literature are referred to for obtaining typical values of those

missing parameters in industrial methanol reactors. Overall, the parameters used for performing

the simulations have been reported in Table 7.

[Table 7 about here]

For simulating the industrial reactor system, 100 spatial volumes are used for accurate depiction

of the actual process. Furthermore, each of the tubes in the multi-tubular reactor is assumed to

be operated independently. The predicted CH3OH production capacity by the simulation model is

276.2 tons per day, which is 6.37% lower than the actual plant capacity of 295 tons per day. The

kinetics of synthesis gas conversion to CH3OH are equilibrium-limited. According to simulated

results, the CH3OH yield is 34.02% with 20.61% CO2 and 60.95% CO single-pass conversions.

There are several factors which could contribute to the deviation of predicted CH3OH production

capacity from the plant data. These factors include underestimation of reaction kinetics considered

in the base case; inexact overall heat transfer coefficient; neglecting shell-side fluid modeling; and

difference in industrial catalyst composition.

Base case with sorption-enhancement: Once the validation of model predictions has been

performed at industrial reactor conditions, the effect of sorption-enhancement on process perfor-

mance is studied. The performance of the SE-MeOH process is compared with the base industrial

reactor case to observe the advantages provided by selective H2O by-product removal over the

conventional reactor. Before studying the cyclic processes, the benefits of SERP technology for

a single-step process are explored. In the simulations performed, the effect of two parameters,

adsorbent-to-catalyst ratio and process step duration, are observed on CH3OH yield. The catalyst

present in the reactor is gradually replaced with adsorbent (with fixed solid packing density) to

19



promote more adsorption of H2O, and CH3OH yield is compared for different adsorbent-to-catalyst

ratios. Furthermore, different values of step duration are used to observe the effect of varying levels

of bed saturation on product yield. The product yield is compared with the base case for which

the model predicted a CH3OH yield of 34.02%. For a fair comparison, all the operating parameters

and process specifications, except the material distribution, are kept the same as that of the base

industrial reactor case (Table 7). The initial bed pressure and temperature are the same as that

of feed conditions, and the bed is filled with 6.4% H2 and 93.6% N2 mixture, which is within the

typical feed composition range used for Cu-ZnO-Al2O3 catalyst regeneration50.

[Figure 6 about here]

Figure 6 shows the variation in CH3OH yields from the base case for different adsorbent-

to-catalyst ratios and step duration. It should be noted that as the SE-MeOH reactor is fully

regenerated at the start of the single-step process, the reported yields are the highest possible for

given mass ratio and step duration. Lower CH3OH yields should be expected for periodic processes

as they would have lower working capacities than the fully-regenerated single-step process case

presented here. For comparison purposes, Figure 6 also presents the yield for base industrial

case without any sorption-enhancement (34.02%). It can be clearly observed that by replacing

catalyst with adsorbent, a significantly higher CH3OH yield can be obtained when compared to

the predicted base case values. This is due to the in-situ adsorption of H2O, which in turn pushes

the equilibrium towards higher CH3OH synthesis. Typically, at higher ratios, an inferior process

performance and CH3OH yield is observed due to lesser amounts of catalyst. The slow reaction

kinetics of the process, along with lower catalyst amount, offsets the enhancement provided by H2O

adsorption thereby leading to lower CH3OH yields. Due to sorption-enhancement in the process,

CH3OH yields as high as 59.92% are obtained for 500 s case, which is approximately 76.13% higher

than the predicted base case values. Even higher CH3OH yields would be obtained for process

step duration less than 500 s due to further enhancement in removal of H2O by the adsorbent. For

an adsorbent-to-catalyst ratio of zero, when the reactor only contains catalyst, different values of

CH3OH yield are obtained for different step duration. This is due to the initial conditions, and

the deviation from base case is higher for smaller step duration. As the duration of the process

step increases, the CH3OH yield converges to that of the base case, where initial conditions have

insignificant effect on CH3OH yield.

5.2 Optimal Periodic SERP for Methanol Yield Maximization

After observing the promising effects of replacing CH3OH catalyst with H2O adsorbent on product

yield, optimization studies are performed to improve the performance of the existing industrial

reactor with SERP technology. For having a fair comparison with the base case industrial reactor,

the same reactor design specifications (column geometry and number of tubes) and feed conditions

20



(composition and flow rate) are used as of the industrial reactor. The optimization studies are per-

formed for optimizing several decision variables including periodic cycle design, operating pressure

and temperature, steps duration and material distribution. The objective, here, is to maximize

the yield of product CH3OH while producing at least PCmin
CH3OH amount of CH3OH. Furthermore,

several other constraints are imposed on the process which have been reported earlier in Table 2,

section 3.3.

It was observed that for fixed feed conditions and design specifications as that of the industrial

reactor, the optimizer could not find a feasible solution with the production capacity at least as

much as of the industrial plant (295 tons per day). This could be due to underestimated model

predictions of production capacity in comparison to actual results. Furthermore, another possibility

is the inclusion of process regeneration stages, which, in fact, are not present in the real plant. A

significant amount of process time is spent on reactor regeneration thereby reducing the duration

for which the reactor produces CH3OH product. Therefore, it becomes difficult for the reactor to

match the production capacity of the industrial reactor. To counter this, the constraints on CH3OH

production capacity are relaxed and optimizations are performed for three different relaxed values

of PCmin
CH3OH: 150 (case a), 200 (case b), and 250 (case c) tons per day.

[Table 8 about here]

The obtained optimal decision variables and cyclic configurations are reported in Table 8. With

a decrease in the minimum production capacity amounts, an increase in CH3OH yield obtained

from the process is observed. For a production capacity of 250 tons per day, a yield of 52.8% is

observed, which is almost 55% higher than the predicted base case industrial reactor conditions. In

case of higher production capacities, the periodic reactor must spend majority of the cycle time on

producing CH3OH to match desired capacity levels. Therefore, significant bed regeneration cannot

be achieved which adversely affects the product yield. However, for lower desirable production

capacities as in 150 tons per day case, the bed regeneration can be enhanced as the reactor can

operate for longer duration in the regeneration stages. This results in a significantly higher CH3OH

yield of 63.6%. Figure 7 shows this trade-off between CH3OH production capacity levels and the

corresponding CH3OH yields obtained.

[Figure 7 about here]

In all the three cases, the optimal cycle configurations consist of the following four operation

modes - sorption-reaction, depressurization, nitrogen purge and pressurization. The obtained con-

figurations slightly differ in the feed flow direction (see Table 8). The CH3OH-producing step of

the process (i.e., step 1) operates at the highest possible pressure of 77 bar. This step is followed

by a depressurization of the reactor to 1 bar at which purging occurs for regenerating the bed. The

optimal adsorbent-to-catalyst ratios typically increase with decreasing desired production capacity
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levels. This observation is in alignment with the earlier-reported results for single-step process (Fig-

ure 6, section 5.1). Higher values of adsorbent-to-catalyst mass ratio positively affect the CH3OH

yield when the desired production capacity (PCmin
CH3OH) is low. This is due to longer percentage

of cycle time which can be spent on bed regeneration, which eventually enhances the sorption-

enhancement produced and product yield. However, for higher desirable production capacities, it

is preferable to have lower amounts of adsorbent inside the reactor as sufficient regeneration could

not be achieved.

[Figure 8 about here]

Figure 8 indicates the overall performance of the optimal SE-MeOH processes compared to

the base case industrial methanol reactor. The observed CH3OH yields were significantly higher

than the predicted base case values for all the cases considered. Due to the periodic nature of SE-

MeOH systems, these processes consumed lower amounts of synthesis gas reactant in comparison to

base case methanol reactor which consumes synthesis gas continuously. This leads to a significant

reduction in amount of synthesis gas consumption, as can be seen in Figure 8. The reduction

should favorably affect the process economics as synthesis gas generation is the most expensive step

of CH3OH synthesis from natural gas9. Figure 8 also reports the compromise on the production

capacity which has to be done due to periodicity of SE-MeOH processes as opposed to continuous

industrial reactors. This trend denotes a tradeoff between process performance and overall amount

of CH3OH produced.

For demonstration purposes, the state variables’ trajectories for case c at cyclic steady state

has been reported here in Figure 9. The figure indicates the variation in outlet gas-phase mole

fraction profiles and reactor bed temperature with time. The temperature is measured at spatial

distances relative to the inlet boundary. It can be observed that most of the water adsorbed during

the first step is purged out of the reactor bed during the purging step, i.e., third step. In addition,

the temperature of the reactor bed does not exceed 543 K thereby preventing catalyst deactivation.

For the rest of the cases a and b, the dynamic profiles can be found in the Supporting Information

(Fig. S1-S2).

[Figure 9 about here]

5.2.1 Effect of Synthesis Gas Feed Composition and Flow Rate

Even though the synthesis gas feed specifications in an industrial methanol reactor are constrained

by the upstream steam methane reforming unit, our objective is to observe the effects of varying feed

compositions and flow rates on product yield and production capacity. To achieve it, a separate set

of optimization studies are performed with varying CO2 and CO synthesis gas feed composition,

and feed flow rates. In these studies, the synthesis gas feed is assumed to consist only of the

reactants (CO, CO2 and H2) with low levels of inert nitrogen (≈ 2.5%). The bounds on synthesis
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gas composition and flow rates can be found in Table 3 (section 3.4). Three different cases are again

considered which differ in the amount of minimum CH3OH production capacity, i.e., PCmin
CH3OH =

150 (case d), 200 (case e) and 250 (case f) tons per day.

[Table 9 about here]

For all the cases, the obtained results from the optimizations have been reported in Table 9.

The benefits of manipulating synthesis gas feed composition can be clearly seen in these results.

The CH3OH yields are in the range of 81.3%-83.4%, which are significantly higher compared to

the earlier fixed-feed-specification cases. The typical trend is that the CH3OH yield has a higher

dependence on synthesis gas feed composition and flow rate in comparison to adsorbent-to-catalyst

ratio. For all the cases, synthesis gas flow rate hits the lower bound of 0.30 mol s−1 in order to

increase the bed residence time. The optimizer selects the composition of CO2 in synthesis gas

raw material feed as 2.95%, which is also the lower bound on the feed CO2 composition. Such

concentrations of CO2 in the feed are sufficient to keep the catalyst in the intermediate oxidation

state (thereby preserving catalyst activity) and not retard the CH3OH synthesis reactions due to

strong chemisorption of CO2 on the catalyst85. Furthermore, the hydrogenation of CO is much

faster than that of CO2. This leads to a preference of the optimizer to select higher CO/CO2

ratios while maintaining a sufficiently high concentration of excess reactant, H2, in the feed. The

stoichiometric number (SN) have also been reported for the obtained results in Table 9, which are

computed as follows:

SN =
H2 − CO

CO + H2
(6)

If SN ratios are higher than two, it denotes that H2 is in excess in comparison to CO and CO2. For

SN ratios less than two, carbon species is in excess. Therefore, in our obtained results, a higher

SN ratio typically results in higher reaction yields (due to higher amount of excess H2) and lower

CH3OH production capacity (due to lower amounts of carbon available for CH3OH production).

Even though an SN ratio of two has been long considered to be ideal, industries typically operate at

SN values much higher than two for obtaining sufficiently high driving force for CH3OH synthesis.

Iyer et al13 compiled four different industrial synthesis gas feed compositions and reported the

range of SN ratio to vary in the range 2.9-10. Our obtained SN ratios, therefore, are within the

typical range of industrial SN values. Nevertheless, it should be noted that significant separation,

recompression and reheating costs are incurred due to higher recycling loads at higher SN ratios.

Further investigation is therefore required for obtaining optimal values of SN ratios which would

balance the tradeoffs between reaction yield and recycling ratios appropriately.

Table 9 shows that with increasing PCmin
CH3OH values, the presence of higher amounts of adsorbent

in the reactor does not necessarily benefit the reaction yields. In higher PCmin
CH3OH cases, the

obtained results show a preference of packing more catalyst in the reactor over adsorbent. This
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is because due to higher amounts of required CH3OH production, the amount of H2O byproduct

produced is also higher. It leads to a faster rate of adsorbent saturation, which quickly renders

the adsorbent ineffective. Furthermore, for higher percentage duration of bed operation in the first

step of the cycle compared to overall cycle time

(
t1
tcycle

)
, lower values of adsorbent-to-catalyst are

selected due to ineffectiveness of adsorbent. The variations in key state variables (outlet gas phase

mole fraction and reactor temperature) for optimized results presented in Table 9 can be found in

the Supporting Information (Fig. S3-S5).

[Figure 10 about here]

The results reported in Figures 7 and 8 assume a constant catalyst effectiveness factor of one.

However, as the size of methanol catalyst is large (≈ 0.5 cm), there may be appreciable mass

transfer limitations which would reduce the effectiveness of CH3OH catalyst. Furthermore, the

kinetic model of Froment et al. has been developed for a steady-state reactor with negligible

transport limitations. However, due to the periodic nature of SE-MeOH systems, diffusion might

play a major role in methanol synthesis kinetics. To our best knowledge, there is no previous study

on catalyst effectiveness for dynamic SERP-type systems. Therefore, to investigate the effects of

catalyst effectiveness values, four different values of η are selected (η = 0.7, 0.8, 0.9 and 1) and it

is assumed that the value of η is same for both methanol synthesis reactions considered. With

the chosen values of η, the results reported in Figure 7 are simulated again. Figure 10 reports the

variation in CH3OH yield and daily production capacities with catalyst effectiveness. The results

predict a moderate decrease in CH3OH yield and production capacity in the range 6-12% when

catalyst effectiveness factor is reduced from 1 to 0.7.

It should be noted that the CH3OH yield improvements reported in Tables 8-9 are due to high

levels of regeneration obtained due to extreme pressure swings (typically between 1 and 77 bar).

However, such periodic pressure swings require significant compression work and, in most cases,

would be uneconomical. Our model predictions showed high bed recompression costs (> $50 per

kg of CH3OH). This motivates further research into more cost-effective and efficient adsorbent

regeneration schemes. Possible alternatives include reactive regeneration, temperature swing and

alternate recompression strategies.

5.3 Optimal Periodic SERP for Methanol Production Cost Minimization

In addition to CH3OH yield maximization, optimization studies are performed for minimizing

CH3OH production cost. This helps us in evaluating the performance of the proposed SE-MeOH

processes from a techno-economic standpoint. Here, the objective is to minimize the total CH3OH

production cost. The respective objective function has been mentioned in Eq. (4b). For comput-

ing the annualized investment cost (AIC) and total cost (TC), appropriate equipment cost and

operating cost relations reported in section 3.8 are used. The overall constraints are the same as
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used earlier for yield-maximization and can be found in Table 2 (section 3.3). Additionally, the

synthesis gas feed composition and flow rate are fixed as in Rezaie et al.64. In alignment with pre-

vious optimization studies, the optimizations are performed for three different values of minimum

CH3OH production capacity (PCmin
CH3OH): (i) 150 (case g), (ii) 200 (case h) and (iii) 250 (case i)

tons per day.

[Table 10 about here]

For cost optimizations, the final solution of optimal industrial reactor cases (reported in Table

8, section 5.2) are used as initial guess. This ensures that the initial guess is feasible, and therefore,

the optimization algorithm straightaway enters the optimization phase. Table 10 reports the results

obtained for the three cost-minimization cases. The observed values of CH3OH production cost

from synthesis gas is about $96 per ton CH3OH, and these values do not include the cost of

synthesis gas production from natural gas. Typically, 60-70% of the overall natural gas to CH3OH

process cost is incurred on synthesis gas production. By assuming that 70% of overall process cost

is for synthesis gas production, the obtained CH3OH production cost is approximately $0.32 per kg

CH3OH ($0.96 per gallon), which is competitive with traditional CH3OH production processes96.

For all the cases, the obtained CH3OH yield varies in the range 36.55-36.80%, which is at least

7.43% higher than predicted base case yield of 34.02%. Higher values of production capacities, in

the range 270.4–272.1 tons per day, were favored to reduce the overall CH3OH production costs.

This shows the preference of the SE-MeOH process to have a balance between CH3OH yield and

production capacity in order to reduce per unit CH3OH production cost.

By comparing optimal decision variables of yield-maximization (cases a-c) and cost-minimization

(cases g-i) case studies, the major differences were observed in SE-MeOH process operating condi-

tions. In case of yield-maximization, as shown in Table 8, SE-MeOH process cycles predominantly

operated at 77 bar (highest pressure) during CH3OH production and 1 bar (lowest pressure) for bed

regeneration. However, pressurizing the reactor from 1 bar to 77 bar requires significant compres-

sor work, which results in high compressor operating costs. Therefore, during cost-minimization

optimizations, the optimizer selects pressure values of SE-MeOH which do not require high levels.

For instance, when PCmin
CH3OH = 250 tons per day (case i), bed purging occurs at 56.49 bar. Suffi-

cient bed regeneration occurs to enhance the CH3OH yield from 34.02% to 36.8% (7.55% higher)

compared to base case. This exhibits the need of an economical and effective bed regeneration

strategy for further improving the CH3OH yield, and thereby, the SE-MeOH process performance.

The evolving trajectories of crucial state variables (outlet gas phase mole fraction and reactor tem-

perature) for the cases reported in Table 10 can be found in the Supporting Information (Fig.

S6-S8).

It should be noted that the optimization results presented in Tables 8-10 have an upper bound

of 543 K on gas phase boundary temperature. However, inside the sorption-enhanced reactor, the

temperature may increase well beyond 543 K which would deactivate the catalyst. This situation
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can be addressed either by (i) postulating a constraint on temperature for each of the spatial nodes,

i.e., T (z) ≤ 543 K; or by (ii) formulating a single constraint, i.e., max T (z) ≤ 543. However, the

former approach is computationally expensive due to addition of black-box constraints, and the

latter approach makes the constraints non-smooth which is undesirable to obtain a good solution.

Therefore, to retain the computational tractability of the problem and smoothness of the problem,

such constraints were not included. Furthermore, the rise in temperature can be preempted to

appropriately adjust the upper bound on temperature of the boundary (e.g., lowering it from 543

K to 513-523 K). For the results presented in Tables 8-10, the reactor temperature typically varies in

the range of 495-540 K (Fig. S1-S8 in the Supporting Information) at which no catalyst deactivation

would occur. Therefore, the validity of the results reported in Tables 8-10 are preserved.

Further economic analysis was performed with the number of parallel reactor tubes as a decision

variable. The analysis showed that with an increase in tubes from 2962 to 4000, the CH3OH

production cost from synthesis gas can be further reduced to $87.9 per ton. Furthermore, the daily

CH3OH production capacity can be increased to 371 tons per day. Further details regarding the

optimized results can be found in section S3 in the Supporting Information.

6 Conclusions

A novel sorption-enhanced methanol synthesis (SE-MeOH) process from synthesis gas is proposed,

which utilizes a combination of Cu-based methanol catalyst and NaX zeolite H2O adsorbent. In

comparison to traditional methanol reactor, the proposed process has significantly higher reaction

yield, consumes lower amount of synthesis gas reactant and incurs lower methanol production cost.

For optimizing the proposed multi-step, periodic SE-MeOH processes, a systematic design and

synthesis framework is utilized. The framework is based on a simulation-based grey-box optimiza-

tion algorithm, which requires input-output simulation data. A high-fidelity generalized reaction-

adsorption modeling and simulation (GRAMS) platform has been used for performing the desired

simulations. The optimization studies were performed for (i) improving industrial methanol reac-

tor performance with fixed synthesis gas feed specifications and (ii) obtaining optimal SE-MeOH

processes with varying synthesis gas composition and flow rate.

The computational results indicated possible enhanced performance of SE-MeOH systems over

conventional Lurgi-type methanol reactors. For example, by reducing the daily CH3OH production

capacity by 1.49%, methanol was produced from synthesis gas with 8.17% higher CH3OH yield,

8.26% lower raw material consumption and a competitive price. Improvements in effectiveness

and economics of bed regeneration schemes can further improve SE-MeOH process performance.

Additionally, it was observed that the performance of methanol synthesis processes relied heavily

on reactant synthesis gas feed specifications. By optimizing synthesis gas feed composition and

flow, CH3OH yield of 81.33% was obtained with 51.6% higher daily production capacity compared

to industrial reactor. In conclusion, SE-MeOH processes have improved CH3OH yield, but it may
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come at a price of small decrease in production capacity. However, the capacity can be boosted and

the cost can be reduced by increasing the number of parallel tubes or by using optimal stoichiometric

number of synthesis gas.

Lastly, all the numerical results presented here are based on computation using a process model,

thereby the accuracy of the claims are contingent upon real experiments. Even the model has been

validated in this as well as our previous studies18,19, the new results presented here encourage

further experimental investigation in this area to the least.
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Table 1: Sets and indices used in the SERP process synthesis model formulation.

Index Set Set elements Significance

i I {CH4,CO2,CO,H2O,H2,CH3OH, Inerts} chemical species

e E {reac, flash, dist, he, com, heat, cool, ww} equipment

s, s′ S {1, 2, 3, 4} process cycle steps

fs FS {fs1, fs2, fs3, fs4} feed streams

k R {II, III} reactions

m M {SR, DP, P, rSR, rDP, rP} mode of operations

b B {v |Z=0, v |Z=1, P |Z=0, P |Z=1, yi |Z=0, .. process variables

yi |Z=1, T |Z=0, T |Z=1, Tw |Z=0, Tw |Z=1} at boundaries

− Pall {P0, P1, P2, P3, P4} process step pressures
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Table 3: Bounds on decision variables in the optimization model.

Parameter Unit Lower bound Upper bound

yCO2 - 0.0295 0.4136

yCO - 0.0476 0.285

P ∗ bar -76.98 76.98

t s 30 1000

ṅ mol s−1 0.30 1

T K 493 543

α - 0 0.5

*Negative pressure values indicate reverse flow

direction in sorption-enhanced reactor

Table 4: Parameters for H2O adsorption on NaX Zeolite.

Parameter Unit Value Reference

Dp,i m2 s−1 3× 10−5 97

ρp,ads kg ads. m−3 ads. 590 98

∆Hi J mol−1 -75312 65

mi,1 mol kg−1 16.875 fitted

mi,2 mol kg−1 1.379 fitted

bo,i,1 Pa−1 10−9 fitted

bo,i,2 Pa−1 10−9 fitted

∆Ui,1 J mol−1 −39934.04 fitted

∆Ui,2 J mol−1 −66541.76 fitted

qs,0 mol kg−1 16.875 max(mi,1,mi,2)
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Table 5: Reaction kinetics model of Froment et al. for CH3OH synthesis.

RII =
K ′9.K

′
10

r0.(K ′8)3
; unit of r0 = mol kg cat.−1 s−1

RIII =
K ′2
r0.K ′8

[
yCO2 .P .P0

105
− K ′7.yH2O.yCO.P .P0

yH2
.105

]
where,

K ′1 = 1.07 exp

(
36696

R.T0.T

)
mol kg cat.−1 s−1 bar−2

K ′2 = 1.22× 1010 exp

(
−94765

R.T0.T

)
mol kg cat.−1 s−1 bar−1

K ′3 = 3453.38

K ′4 = 6.62× 10−11 exp

(
124119

R.T0.T

)
bar−1

K ′5 = 0.499 exp

(
17197

R.T0.T

)
bar−0.5

K ′6 = exp

(
3066

T0.T
− 10.592

)
bar−2

K ′7 = exp

(
2073

T0.T
− 2.029

)
K ′8 = 1 +

K ′3.yH2O

yH2

+
K ′4.yH2O.P .P0

105
+K ′5

√
yH2

.P.P0

105

K ′9 =
K ′1.yH2

.P .P0

105
mol kg cat.−1 s−1 bar−1

K ′10 =
yCO2 .P .P0

105
− yH2O.yCH3OH.105

K ′6.y
3
H2
.P .P0

bar

Table 6: Cost correlations99 for computing total installment costs of the unit operations in the
CH3OH synthesis flowsheet.

Equipment (e) Total Installed Cost Scaling Factor (Se)

in M$ (TICe)

Methanol reactor (reac) 19.225

(
Sreac
87.5

)0.6

maximum feed flow rate in kg hr−1

Flash tank (flash) 2.891× 10−3 (Sflash)0.8 feed gas in kg s−1

Distillation column (dist) 30.002

(
Sdist
6.75

)0.7

CH3OH flow rate in tons per hr

Heat exchanger (he) 69.640

(
She
355

)
heat exchanger duty in MW

Compressor (com) 24.735

(
Scom

10

)0.67

compressor power in MW

Heater (heat) 1.410× 10−9 (Sheat)
0.8 heat duty in MW

Cooler (cool) 87.981

(
Scool
470

)0.67

cooling duty in MW

Wastewater treatment (ww) 59.848

(
Sww

393100

)1.05

water feed flow rate in kg hr−1
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Table 7: Design and feed specifications, and process operating conditions for base case industrial
methanol reactor.

Parameter Unit Value

feed composition64:

CH4 % 10.26

CO2 % 9.4

CO % 4.6

H2O % 0.04

H2 % 65.90

CH3OH % 0.50

N2 % 9.30

feed flow rate64 mol s−1 tube−1 0.64

feed pressure64 bar 76.98

feed temperature64 K 503

number of tubes64 - 2962

tube length64 m 7.022

particle diameter64 mm 5.47

particle porosity64 - 0.37

tube diameter68 cm 3.675

heat transfer coefficient68 W m−2 K−1 283.58

packing density91 kg solid m−3 bed 1100

bed void fraction91 - 0.38
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Table 8: Optimization results of optimized industrial methanol reactor case with maximum yield
for different daily CH3OH production capacities. The results have been compared with predicted
yield and production capacity of the base case industrial reactor (yield = 34.02%, production
capacity = 276.20 tons per day).

Parameter Unit Productivity, PCminCH3OH

case a case b case c

(150 tons per day) (200 tons per day) (250 tons per day)

CH3OH yield % 63.62 60.90 52.78

CH3OH production capacity tons per day 150.02 200.16 250.02

CO conversion % 21.70 33.28 46.31

CO2 conversion % 87.92 81.94 61.98

cycle configuration - (i) sorption-reaction

(ii) reverse depres.

(iii) reverse purge

(iv) pressurization

(i) sorption-reaction

(ii) reverse depres.

(iii) reverse purge

(iv) pressurization

(i) sorption-reaction

(ii) depressurization

(iii) purge

(iv) pressurization

yield improvement % (+) 87.01 (+) 79.01 (+) 55.14

production capacity decrease % (-) 45.68 (-) 27.53 (-) 9.48

yCO2,fs1 - 0.094 0.094 0.094

yCO,fs1 - 0.046 0.046 0.046

P1 bar 76.98 76.98 76.98

P2 bar 1 1 1

P3 bar 1 1 1

t1 s 289 202 279

t2 s 30 30 30

t3 s 602 216 123

t4 s 30 30 30

ṅfs1 mol s−1 0.64 0.64 0.64

Tc K 499.24 501.83 506.92

αc - 0.475 0.340 0.391

42



Table 9: Optimization results with decision variables including feed composition and flow rate.

Parameter Unit Productivity, PCminCH3OH

case d case e case f

(150 tons per day) (200 tons per day) (250 tons per day)

CH3OH yield % 83.44 82.72 81.33

CH3OH production capacity tons per day 150.37 199.98 418.73

CO conversion % 84.95 88.00 90.54

CO2 conversion % 89.22 73.29 11.62

cycle configuration - (i) sorption-reaction

(ii) reverse depres.

(iii) reverse purge

(iv) pressurization

(i) sorption-reaction

(ii) depressurization

(iii) reverse purge

(iv) pressurization

(i) sorption-reaction

(ii) reverse depres.

(iii) depressurization

(iv) pressurization

yCO2,fs1 - 0.0295 0.0295 0.0295

yCO,fs1 - 0.1177 0.1358 0.2033

stoichiometric number (S. N.) - 5.42 4.72 3.06

P1 bar 76.98 76.98 76.98

P2 bar 1 1 76.19

P3 bar 1 1 75.32

t1 s 973 1000 800

t2 s 30 30 30

t3 s 922 622 30

t4 s 30 30 30

ṅfs1 mol s−1 0.30 0.30 0.30

Tc K 502.01 500.41 493

αc - 0.220 0.206 0.040
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Table 10: Optimization results obtained by minimizing CH3OH production cost with fixed syn-
thesis gas feed specifications.

Parameter Unit Productivity, PCminCH3OH

case g case h case i

(150 tons per day) (200 tons per day) (250 tons per day)

CH3OH production cost $ per ton CH3OH 96 96.2 96

CH3OH production capacity tons per day 272.10 270.44 272.08

CH3OH yield % 36.80 36.55 36.80

CO conversion % 62.36 61.28 61.41

CO2 conversion % 23.90 26.04 26.34

cycle configuration - (i) sorption-reaction

(ii) reverse depres.

(iii) reverse depres.

(iv) pressurization

(i) sorption-reaction

(ii) reverse depres.

(iii) reverse purge

(iv) pressurization

(i) sorption-reaction

(ii) depressurization

(iii) purge

(iv) pressurization

yCO2,fs1 - 0.094 0.094 0.094

yCO,fs1 - 0.046 0.046 0.046

P1 bar 76.98 76.98 76.98

P2 bar 76.20 58.29 56.49

P3 bar 72.07 58.29 56.49

t1 s 1000 1000 1000

t2 s 30 30 30

t3 s 30 30 30

t4 s 30 30 30

ṅfs1 mol s−1 0.64 0.64 0.64

Tc K 518.71 514.27 514.2

αc - 0.048 0.040 0.060
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Figure 1: Six types of operation modes sorption-enhanced reactors can undergo during
a pressure-swing type SE-MeOH cycle. These include both co-current and counter-current
stages of operation stages - (1) SR, (2) P, (3) DP, (4) rSR, (5) rP and (6) rDP.

Figure 2: Overall flowsheet for CH3OH production from synthesis gas using periodic
sorption-enhanced reaction process concept. During first step of the periodic process, com-
pressed synthesis gas is fed to the reactor for producing CH3OH. For the rest of the stages, the
reactor is regenerated via depressurization and/or purging operation modes.
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Figure 3: Fitted Langmuir dual-site isotherms representing adsorption of H2O on NaX
Zeolite. The experimental data have been used for least-squares fitting, and PH2O is the partial
pressure of water in pascals.

Figure 4: Workflow of simulation-based two-phase algorithm used for optimal design
and synthesis of sorption-enhanced methanol processes. The feasibility phase focuses on
finding a feasible solution subject to the overall constraints, and the optimization phase improves
the objective function value while maintaining feasibility. All simulations are performed by solving
the NAPDE model by fixing the decision variables to specified simulation conditions in the GRAMS
framework.
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Figure 5: Base case industrial methanol reactor.

Figure 6: Effect of replacing catalyst with adsorbent on CH3OH yield for a single-step
sorption-enhanced methanol synthesis proces. Due to byproduct H2O removal, a much
higher CH3OH yield is obtained for moderate values of adsorbent-to-catalyst ratio. Increasing
levels of adsorbent saturation has an adverse effect on the yield obtained from the process.
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Figure 7: Effect of sorption-enhancement on the CH3OH yield and production capacity
obtained for (i) fixed feed specifications (cases a-c) and (ii) varying feed specifications
(cases d-f). The figure shows the tradeoff between CH3OH production capacity and CH3OH yield.
For cases a-c, the obtained results have the same feed composition and flow rate as of the industrial
reactor. The only process changes are in the operating temperature, cycle schedule and material
distribution. In cases d-f, the feed composition and flow rates are also optimized thereby leading
to significant process performance improvement.

Figure 8: Comparison of performance of optimal sorption-enhanced methanol synthe-
sis process with base case industrial reactor.
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(a) Outlet gas mole fraction except the inert purge vs time

(b) Bed temperature vs time

Figure 9: Dynamic profiles of outlet gas mole fraction and reactor temperature (at different bed
length relative to the inlet boundary) for case c in Table 8.
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Figure 10: Effect of catalyst effectiveness factor on CH3OH yield and production
capacity.
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