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Abstract

Bioreactors are of interest for gas-to-liquid conversion of stranded or waste industrial gases,
such as CO, CHg, or syngas. Process economics requires reduction of bioreactor cost and size
while maintaining intense production via rapid delivery of gases to the liquid phase (i.e. high
k;a). Here we show a novel bioreactor design that outperforms all known technology in terms of
gas transfer energy efficiency (k,a per power density) while operating at high k,a (near 0.8 s™).
The reactor design uses a micro-jet array to break feedstock gas at ambient pressure into a
downward microbubble flow. Hydrodynamic and surfactant measurements show the reactor’s
advanced performance arises from in its bubble breakage mechanism, which limits fluid shear to
a thin plane located at a strategic location for bubble breakage. Power dissipation and k;, are
shown to scale with jet diameter rather than reactor diameter, and the micro-jet array achieves
improved performance compared to classical impinging-jet, ejector, or U-loop reactors. The
hydrodynamic mechanism by which the micro-jet break bubbles apart is shown to be shearing
into filaments and fragmentation by surface tension rather than “cutting in half” of bubbles.

Guided py these hydrodynamic insights strate ies for industrial design are given.
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1. Introduction

Globally, billions of cubic feet per year of energetic waste gases are vented or flared from
oil/gas operations’ or other industrial facilities.” These gases are typically methane or carbon
monoxide, hold much value and environmental impact, but since they originate typically from
small sources, far from pipelines, their transportation to processing facilities is not possible.
Research is thus motivated for on-site inexpensive gas-to-liquid (GTL) reactors®® so that the
material may be transported by vehicle to pipelines, processing centers, or sites of usage. For on-
site GTL to be economically feasible, the capital cost of the GTL reactor system must lie well
below $100,000 per barrel-per-day processing capacity and capacity must be 100 to 1,000 barrels
per day to match the on-site flow of gas.® The reactor must be compact so that it is road portable
to oil/gas wells, or capable of retrofit into tight spaces in existing industrial facilities. Currently,
Fischer-Tropsch is the only commercially successful GTL technology in wide use,’ but it has
unacceptably high capital cost when constructed for output below ~20,000 barrels per day.? For
this reason, Fischer-Tropsch is not used for GTL of waste gases.

In this context, bioreactors are often envisioned for small scale on-site GTL because they
previously were commercially successful for the similar process of corn-to-ethanol at ~500
barrel-per-day. The typical capital cost of corn-to-ethanol reactors is $60,000 per barrel-per-day
capacity.® Therefore bioreactors for GTL are under active research and development, 2472

A major technology hurdle that marks the difference between corn-to-ethanol and GTL
bioreactors is the delivery of feedstock materials to the microbes. Corn-to-ethanol benefits from
the high solubility of corn sugars, carbohydrates, and proteins, which put the microbes in ample
contact with feedstock. In contrast, oxygen gas has very low solubility in the aqueous broth, thus

the molar transfer rate of gas from bubbles to the liquid phase (Ny,) is often the rate-limiting-step
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on reactor output.®**% This gas-liquid transfer process is physically proportional to the
difference between gas concentration in the bubbles (C,) and gas equilibrium concentration in
the liquid (C™), and also to the interfacial area (a) and a transfer coefficient (k) that is dependent
on hydrodynamics, all together explicitly written as

Ny = kya(C, — C*) 1)
where k; a is the often called the volumetric mass transfer coefficient.

To put all of the transfer rates in context, intracellular transport is usually rapid compared to
other processes,’ and the mass transport across the liquid-microbe interface (ky;ay) is also rapid
because microbe surface area of microbes (a,,) is usually greater than 5,000 m? m 222 and the
lowest possible transfer coefficient (i.e. when Sh ~ 2) at the microbe-liquid interface (ky,) is ky,
~0.005 m s thus ky,a,, is very high (kyay ~10 s™). In comparison, k,a is much lower (k,a ~
0.1s™), especially when ambient pressure reactors or low power reactors are used. This bubble-
liquid mass transfer limitation is exacerbated in GTL bioreactors because both the O, and the
feedstock gases (CO,, CH,) cannot dissolve well in the bulk liquid. Empirical measurements for
the special case of CH, fermentation find that intracellular transport is rapid, enzyme turnover is
of order 5 5%, and enzyme activities are near 100 umol product / g enzyme / min. 2*?® For these
reasons, a key technology hurdle is to design a bioreactor that achieves k;a ~ 1 s™ at ambient
pressure and with as little power dissipation as possible.>*

Table 1 gives values of k;a and energy efficiency for the leading publications in this area.
Comparing the different technologies, bubble column reactors offer the best energy efficiency
but cannot operate at k, a above ~0.1 s™*, while impinging-jet and ejector reactors can achieve
k,a ~ 1.0 s* but require high power per k,a. Stirred tanks present a confusing history, wherein

recently reported values®’ are greatly different than historically reported values.?®* Here we
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study a new reactor design, different than any in Table 1, comprising a gas-liquid reactor holding
an array of downward micro-jets at its top, thus creating downward flow of microbubbles. Here,
we push the gas injection rate much higher than previous publications’*° in order to gain higher
k,a. Comparison of k;a and energy efficiency measured from this new reactor and from a
survey of technology is given in Table 1. We here physically assessed by hydrodynamic
measurements in the following sections. Physical insights are reported regarding the bubble

production mechanism and gas-liquid transfer mechanism. Also we identify and remove error in

the spatial measurements of gas fraction from recently published measurements.*!

Table 1. Comparison of the best demonstrated reactor performance from various publications

within the past 15 years.

References Reactor type

12 bubble column
' stirred tank
gas-jet ejector upflow
bubble column
stirred tank
plunging jet downflow
liquid-jet ejector downflow
bubble column: fine bubble
gas-fed Venturi
spiraling liquid orifice
liquid-jet ejector
pressurized dissolution
triple-impellor stirred tank
stirred tank, Rushton turbine
stirred tank, Techmix 335 up*
bubble column
airlift reactor
stirred airlift bioreactor

Boualfi et a

Balamurugan et al.”®

Evans et al.*
Mandal®®

Terasaka et al.®

Moucha et al.**¢

Kadic and Heindel?’

de Jesus et al.”’

This work and Ansari et

al 838 Inverse jet-array

Demonstrated Demonstrated

k,a per PIV kia
(m* kw?s?) (sh
0.111 0.083
0.004 0.042
0.014 1.667
0.014 0.111
0.011 0.083
0.014 0.556
0.020 0.100
0.097 0.011
<0.002 0.006
0.002 0.028
0.006 0.042
0.000 0.003
0.028 0.083
0.250 0.333
0.194 0.250
0.111 0.278
0.111 0.139
<0.012 0.008
0.470 0.833

*impeller-stirred tank data of Kadic and Heindel,Z which is based upon Moucha et al., > is an

outlier when compared to other publications on stirred tank reactors (e.g. Boualfi et a

1.29.

Balamurugan et al.?®; Fujasova et al.*°; Moucha et al.*)
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Figure 1. Piping, flow, instrumentation, and photographs are shown for the large reactor
(upper panels) and small reactor (bottom panels), where a) is the reactor column, b) is the gas-
liquid separator, ¢) is a pump reservoir, d) is a dissolved oxygen sensor, €) is a pressure sensor,
and f) is a conductivity sensor. In the photographs the bubble mixture is illuminated externally.
The small reactor is photographed in its 62 cm tall configuration.
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2. Methods
2.1 Reactor Designs

The two experimental reactors followed the design of Li.*® Schematics and photographs of
both are shown in Figure 1. The reactor design comprises a transparent PMMA column of 10 cm
inner diameter (small reactor) with height ranging from 31 to 128 cm, or alternatively a 30 cm
inner diameter (large reactor) with 150 cm height. In all cases, liquid was pumped into the top of
the column above a pore plate with an array of small circular holes creating an array of
downward-pointing jets. Gas was injected below this pore plate as ~1 cm diameter bubbles. The
jet-array entrained and breaks these ~1 cm bubbles into microbubbles that flow downward,
exchanging gas with the liquid during the journey. The mixture exits the bottom of the reactor to
a gas-liquid separation chamber, wherein the gas is discarded and the liquid is re-circulated. The
experimental system is the same as our previous reports.®*®

The fluid comprised a solution of deionized water with various surfactants, such as sodium
dodecyl sulfate (SDS), KCI salt, isopropyl alcohol, and acetic acid. The concentrations of
surfactants in the liquid were varied (SDS of 0 to 30 ppm w/w and KCI of 0 to 75 ppm w/w) to
better understand their effects on bubble dynamics, ultimately in an attempt to understand a real
microbial broth. Gas and liquid flow were controlled with high-precision mass flow controllers
or rotameters. Temperature was monitored with thermocouples.

Measurements were made of volumetric mass transfer coefficient k; a, spatial distribution of

the gas fraction (e,), statistical distribution of the bubble diameter (d},), gas-liquid interfacial

area density (a), spatial distribution of velocity and turbulence intensity via particle image

velocimetry (PIV), statistical distribution of liquid residence time (RTD), and power dissipation.
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2.2 Measurements of k;a

Two methods of measuring k; a were employed, both using O, gas to imitate delivery of
feedstock gas to the bioreactor broth. The first of these methods had no chemical reactant in the
liquid, and measured the dynamic rise in dissolved O, concentration via two sensors (RDO-PRO-
X Optical Dissolved O, Probe) in the pump reservoir tank and separator tank respectively. Before
each experiment, the dissolved O, was removed by operating the reactor with pure N, gas. At the
beginning of the experiment, the gas injection was seamlessly switched from pure N to pure O,
and the subsequent dynamic rise in the reactor’s dissolved O, was measured. The k;a value was
then measured as described in Ansari et al.? Data from this method is shown in Figure S4a.
Further details are in Figure S1 to S4 in the supplementary text.

The second method used sodium sulfite to convert the dissolved oxygen and imitate a
biocatalyst via the reaction of sulfite to sulfate

2502~ + 0, - 2502~ )

The kinetic rate of reaction (2) is controllable via changes to the concentration of dissolved
sodium cobalt. The liquid residence time in the reactor is ~5 s, meaning that when k;a <
0.2 s71, the liquid does not endure sufficient time residing in the reactor to saturate its dissolved
gas concentration. Therefore, use of this second method of measuring k; a (i.e. with reactant) is
only necessary when k; a is greater than ~0.2 s™. During execution of this second k, a method,
we measured the concentration of sulfite in the reactor via 1 mL liquid samples taken from the

system every ~3 minutes. The time series of sulfite concentration yields k; a by means of

kya = - 4505 3)

2A* dt
where A is solubility of gas A under the condition of experiment The kinetics of reaction (2)

were carefully measured for each batch of reactor broth in a 1 L bench-top stirred tank, as
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explained in the supplementary text. Careful measurement and planning of the Hatta number**
was executed to ensure the chemical reaction was fast enough to reduce dissolved O,
concentration to near ~0 mole per L in the bulk liquid but not so fast that it increased k. The
necessary quantitative analysis and measurements of the chemical kinetics is given in the

supplementary text.

2.3 Measurements of bubble size distribution

Bubble size distributions were measured by analyzing high-resolution photography (Fuji
FinePix S9800, super-macroscopic lens, 1/1700 s exposure time). The camera was situated
outside the reactor, looking inward. As shown in the results section, radial mixing was strong
enough to homogenize the bubble size distribution axially, thus measurements near the wall are
representative of measurements in the interior of the reactor. The bubble photographs were then
processed by measuring of the diameter of randomly selected bubbles in Image J software then
used to produce probability density functions (pdfs) of diameter, volume-weighted average
diameter, and interfacial-area-weighted average diameter (which were always within 15% of
each other). We chose to use area-weighted mean diameter as our reported d;, because gas-liquid
interfacial area is more important than volume, thus “Sauter diameter” is inappropriate. A
measurement of gas fraction was then combined with each pdf of bubble diameter to produce a
calculation of bubbles concentration for each bubble size class. Figure S5 shows one of these
bubble mixture photographs and the corresponding bubble size pdf.

In the large reactor a borescope (Hawkeye Pro Hardy) was used to take photographs of the
bubble mixture in the interior of the gas-liquid mixture at radial locations r/R=0, r/R=0.5,

r/R=0.9. These images were processed in a similar method to above to produce d; measurements
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at various radial locations, but measurement uncertainty was high because the field of view of

the borescope was very small. An example borescope image is shown in Figure S6.

2.4 Measurements of gas fraction

Gas fraction was measured by three different methods: a) y-beam absorption densitometry,
b) measurement of density via hydrostatic pressure, and c) sudden-valve-closure isolation.
Densitometry to y-beam comprised a 5 mCi Cs-137 source emitting 662 keV photons, set behind
10 cm (4 inch) of lead with a 0.4 cm diameter aperture defining the beam. A 7.5 x 7.5 cm sodium
iodide (Nal) scintillation detector was placed on the opposite side of the reactor, with no lead
shielding. Lead’s absorption coefficient for 662 keV photons is 7.76 cm™ (Hubel and Seltzer,
1996), therefore the beam was defined with 99% contrast. The y-beam source and detector were
mounted on a single rigid metal fixture on PTFE tracks and moved via a linear actuator. This
setup ensured the y-beam was reliably positioned with 1 mm precision as it was moved back-
and-forth to intersect the column at different locations. Additionally a laser-beam was mounted
on the y-beam source to provide additional accuracy. The detector was unshielded, thus +/- 1
mm changes in beam alignment caused no changes in photon count. Gas fraction along the beam
path was thus calculated as

Ipm
l”(i)

8 == I
g ln(—g)
1,

4

where Iy and I, are the transmitted y-beam intensitiy when the reactor is filled purely with gas
and liquid, respectively, and ly is intensity with a gas-liquid mixture. Previous measurements of

30,31

gas fraction reported from this same reactor” " are unreliable due to significant error in their y-

beam methods (details of this error are in the supplementary text near Figure S7 to S13). Our
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current paper here fixes these issues and offers accurate measurements of the radial distribution
of gas fraction.

The second method for measuring gas fraction was by hydrostatic pressure using pressure
transducers (PX409, Omega Engineering), thus allowing the volume-averaged gas fraction to be
calculated as

(Pbot_Ptop)mix_(Pbot_Ptop)

B (Pbot_Ptop) _(Pbot_Ptop)

©

gas

EG =
lig

where P, is pressure at the bottom transducer, P, is at the top transducer, and subscripts mix,
gas, and lig denote if the reactor is full of gas-liquid mixture, or pure gas, or pure liquid,
respectively.

Lastly, the sudden-valve-closure isolation method measures volume-averaged gas fraction
by suddenly closing all inlets and outlets to the reactor. Then over the subsequent minutes the
gas and liquid separate gravitationally and the gas fraction is easily measured by the volume of

headspace gas compared to liquid volume.

2.5 Measurements of velocity

Measurements of liquid or gas velocity inside the reactor were made by particle image
velocimetry (PIV) of photographs from a high-speed camera (Photron FASTCAM Mini UX
100), based on software described in Turney and Banerjee,*> which employs established PIV

methods.*** Our previous report on this reactor describes the PIV methods in detail 2

2.6 Measurements of liquid residence time in the reactor

Liquid residence time distribution (RTD) in the reactor was measured by tracking the

concentration of salt at different locations after a sharp pulse of salty solution was injected into
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the top of the reactor.® The RTD salt concentration curves allowed the following calculations® of
mean residence time

]
L [Prcat _ peca

L= Jyocat — XCiat (6)
and variance
2 _ J (t-B?cat _ Si=Dciby )
Iy cat Y. CiAt;
The number of tanks-in-series N and hydrodynamic dispersion coefficient D are given by the
following two equations, with closed-closed boundary conditions, as
_ @p?
N= A(o?) ®)
where
% _ 5D 4 (D) [1_ e~
&2 2 ul +2 (ul) [1 € D] (9)

Knowledge allowed calculation of the turbulent dispersion coefficient, number of stirred-

tanks in series, and distribution of bubble contact time with the reactor liquid.

3. Results

The experimental parameter space includes two test reactors (5 L and 100 L), four levels of
SDS concentration (0, 15, 25, and 35 ppm or 0, 0.052, 0.086, and 0.12 mM, respectively), three
levels of KCI concentration (0, 15, and 75 ppm or 0, 0.2, 1.0 mM, respectively), two levels of
acetic acid (0 and 75 ppm or 0 and 1.3 mM, respectively), at least two levels of liquid superficial
input velocity (vg;,,), and at least three levels of gas superficial input velocity (vs4,,). Adding all
these independent parameters together, the total parameter space holds more than 500 unique

operating conditions, see Table S1 for full ranges. Our measurements covered approximately
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1/3" of these operating conditions, spread across the entire parameter space to learn the first-

order trends at all conditions, and also strategically focused on conditions that lead to high k; a.

3.1 Best k.a and power density performance from small reactor (show chemical method)
The reactors’ key performance metrics are k; a and cost of capital and operation. All
operating conditions here use ambient pressures, which is a requirement for low capital cost.
Performance is then estimated by the reactor’s energy efficiency as k; a per power density (P/V).
Table 2 shows the best results from each of the various reactors and operating conditions,
showing excellent performance in comparison to the state-of-the-art shown in Table 1. The pore
plate with 375 um diameter pores (+/- 25 um) performs better than the pore plate with 1 mm
diameter pores. Previous research on this reactor identified hydrodynamics and a persistent mode
of hydrodynamic backmixing, which was overcome by use of a pore plate that creates swirling
motion.®*#4® This swirling pore plate was able to increase k;a to 0.83 s™* for the same operating

conditions, thus intensifying k, a per P/V to 0.49 m® kw™ s™.

Table 2. Best performance measured from our two reactor sizes and multiple plates. All data in
this table is further explained and presented in the following tables of this paper.

gas dp a kia PV

fraction ym mm® st kwm?®
5 L reactor, 375 um pores, 3 mm pitch 35% 230 9,200 0.75 1.7
5 L reactor, 1 mm pores, 12 mm pitch 55% 550 6,200 0.47 17
130 L reactor, 375 um pores, 3 mm pitch 45% 400 7,000 * 2.9
130 L reactor, 1 mm pores, 12 mm pitch 55% 600 5,500 * 11

*measurement of k; a with the sulfite reactant was not possible in the 130 L reactor, thus

the highest k; a values were not measureable.

3.2 Multiple linear regression on the parameter space
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The first order dependencies of performance on operating conditions is measured with a
multiple linear regression across all measurements made. The resulting linear regression
coefficients for k;a dependence on operating conditions are normalized such that their value is
the percent change in k; a caused by a 100% increase (i.e., a doubling) of the parameter: 79% for
a doubling of SDS concentration, 44% for doubling of KCI concentration, -131% for doubling of
average bubble diameter, 270% for doubling of gas superficial input velocity, and -81% for a
doubling of liquid superficial input velocity. Surprisingly, increasing SDS is an effective means
to increase k; a, which seems to conflict with the results of recent publications that show k; to be
lower when surfactants are present. This is explained by a multiple linear regression of bubble
size or gas fraction versus operating parameters, which shows a doubling of SDS surfactant
causes a 94% reduction in mean bubble size, but little effect on gas fraction, consequently the
total interfacial area goes up when SDS is added. Another non-intuitive trend is that a doubling
of the jet velocity (a.k.a. liquid superficial velocity) causes a decrease in k;a by 81%, which is
also explained by the fact that a doubling of v;,, causes a 61% reduction in gas fraction. The raw

value of k; is known to be weakly dependent on liquid velocity (i.e., k, o 1v,/*

) via
turbulence.®*” Therefore an important finding is that the strong connection between k; a and
reactor operating parameters is mediated mainly through the bubble surface area (a) term, i.e.,
not through the k; term.

A surprising set of non-linear results were the responses of d, and k; a to surfactant
concentration. Figure 2 shows these results via data from a subset of operating conditions. Gas-
liquid surface tension is seen to be insensitive to SDS concentration in this range of SDS

concentrations, changing by less than 2%, but at the same time dy, and k; a respond very strongly

to the presence of the SDS, as seen in the plot. The literature consensus is that surfactants cause a

This article is protected by copyright. All rights reserved.



267  reduction in k;.1"**%% We hypothesize this surprising result is mediated by hydrodynamic slip
268  versus non-slip flow at ~10 um spatial scales on the gas-liquid interface during bubble collisions,
269  such that <1% change in surface tension is sufficient to alter the slip/no-slip condition during

270  bubble collision. Deeper analysis of this coalescence phenomena is the focus of a forthcoming

271  paper.
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274  Figure 2. A plot of data from a subset of operating conditions, showing dependence of bubble
275  size (or k;a) on SDS concentration.

276

277 3.3 Spatial distributions of gas fraction and bubble diameter

278 Characterization of bubble columns requires knowledge of the radial distribution of gas
279  fraction, bubble size, and gas/liquid velocities.>* Figure 3 shows example radial profiles of gas

280 fraction in the large reactor. The strong mixing homogenizes the bubbles in the radial direction,
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causing flat radial distributions. Flat radial distributions of gas fraction, e.g., similar to figure 3,
were found under all experimental conditions and pore plates of this study. A recent
hydrodynamic simulation from Mutharasu et al.,*® also predicts a flat radial distribution of gas
fraction and bubble size, due to turbulent mixing, lending further confidence to this finding.
Visual observation of the bubbles through the transparent reactor wall also support the
conclusion that the gas fraction is homogenized up to the wall.

Figure 4a shows the radial distribution of dj, in the large reactor for different pore plates and
gas/liquid flow conditions. Similar to gas fraction, the radial distributions of bubble diameter are
flat to within measurement error. Figures 3 and 4a show the gas-liquid dispersion is
homogenized in the radial directions. In contrast, the hydrodynamics vary significantly in the
axial direction due to a rapid decay in turbulence by over an order of magnitude, which was
shown in Ansari et al.® Without any surfactant or salt in the liquid, the bubble size should
increase strongly due to decay of turbulence. However, when the SDS concentration is increased
above a few ppm wi/w, the coalescence rate plummets. For example in Figure 4b with 20 ppm
w/w SDS, we find mean bubble size to change less than 25% over the 1.2 meters journey from
the pore plate to the reactor exit. This absence of bubble coalescence with very small amounts of
SDS concentration is a remarkable finding, and is hypothesized to be due to change in the bubble
collision hydrodynamics rather than bubble breakup. Further data and investigation on bubble

breakup and coalescence phenomena is the focus of a separate publication.
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Figure 3. Gas fraction from the larger reactor with pore plate PP1 (1 mm pores, 12 mm pitch) at
Vs, = 80 mm/s, with vy, varying from 2.1 to 20.5 mm/s. The overlap of repeat data points show

the excellent measurement control achieved with our y-beam system.
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Figure 4. (a) Radial variations of bubble size measured by borescope photographs in the large

reactor (SDS = 20 ppm, KCI = 0 ppm). Measurement uncertainty is shown for the v, = data
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series, and is similar for all data in this plot. Anomalous measurement error in two vg,;,, = 68 and
102 mm/s data points led us to only plot those data series at the O cm location. (b) Axial variation

of bubble size in the small reactor (SDS = 25 ppm, KCI = 15 ppm).

3.4 Comparing performance between two pore plates, and between two reactor sizes

Tables 3 explores the effect of different pore plate design on the performance of the small
reactor. Table 4 does the same but for the larger reactor. Different SDS and KCI concentration
were used in Table 3 vs. Table 4 because the larger reactor’s gas-liquid separator couldn’t
function properly when SDS concentration was above 20 ppm. Comparing the performance
when different pore plates are used discovers that the diameter of the micro-jets greatly effects
performance. Smaller bubbles, higher k; a, and higher energy efficiency (k,a per P/V) is found
when the pore plate holes are of diameter ~375 um rather than 1 mm. Even higher k;a up to 0.83
s was achieved for similar energy expenditure with a swirling pore plate.® A drawback of the
375 um pores is the risk of clogging. An industrial application of this technology would perhaps

prefer the 1 mm pores due to their resilience against clogging, but further research is required.

Table 3. Data from the small reactor, comparing PP1 (1 mm diameter pores and 12 mm pitch)

with PP2 (~375 um diameter pores, 3 mm pitch). All data have 25 ppm SDS and 75 ppm KCI.

Pore Vsgv Vgiv gas dp a k;a P/V

Plate mm/s mm/s fraction um m2 m-3 s1 kW m-3
PP1 2.1 40 22% 410 3220 0.14 1.7
PP1 6.2 40 42% 460 5478 0.25 1.6
PP1 10.7 40 54% 524 6183 0.47 1.7
PP1 2.1 72 6% 267 1348 0.13 6.7
PP1 6.2 72 18% 268 4030 0.33 6.9
PP2 2.1 80 6% 250 1440 0.11 15
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PpP2 6.2 80 14% 210 4000 0.33 15
PpP2 10.7 80 35% 229 9170 0.75 1.7

Table 4. Data from the large reactor comparing PP1 (1.0 mm diameter pores and 12 mm pitch)

with PP2 (~375 um diameter pores, 3 mm pitch). All data have 15 ppm SDS and 15 ppm KCI.

v v gas d, k;a pP/V

sgv slv fraction um s kW m-3
mm/s  mm/s 5o PP1_PP2  PP1_ PP2  PP1 PP2
2.1 69 21% 16% 481 492 004 008 59 1.1
2.1 80 11% 11% 443 483 005 005 91 16
21 9 1% 11% 437 477 007 006 117 27
6.3 80 23% 23% 518 516 007 010 91 16
63 96 22% 21% 555 526 011 011 117 27

From a practical or industrial perspective, the performance of the reactor must be
understood when applied greater sizes (300 to 10,000 L), i.e. “scale up” is an important topic.
Here we investigate scale-up by comparing the performance of the small versus large reactor.
We tested the small reactor with gas injection rates of v,g,, =0, 2.1, 6.3, or 10.5 mm/s, but in the
large reactor we were limited by gas supply and could only test gas injection rates of v, =0,
2.1, or 6.3 mm/s. A performance comparison of the large vs. small reactors at the same gas-
liquid injection rates, is given in Table 5. For each specific gas injection rate, the measurements
show better k; a in the small reactor compared to the large reactor. An explanation is found in
our previous paper by Ansari et al.,® which showed that k, decays strongly as a function of
distance away from the pore plate, following a decay length-scale set by the jet diameter (rather
than the reactor diameter). If distance is non-dimensionalized by jet diameter, the large reactor
has more volume located at greater distances away from the pore plate. Thus we expect the value
of k; to be greatly decreased by the larger reactor height, and in this context the scale-up results
in Table 4 makes sense. From a practical perspective, an industrial designer would be wise to

include multiple pore plates in series (separated ~1.0 meter apart) to keep k; at reasonably high
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levels.
Table 5. Scale up comparison of small reactor (s.r.) to large reactor (l.r.), both using PP2 (pore

plate with 375 micron pores with 3 mm pitch), and a working fluid of 15 ppm SDS, and 15 ppm

KCI.

- v gas d, k;a pP/V
sgv slv fraction um sl kW m-3

mm/s mm/s

s.r. L. s.r. L. S.T. lLr. s.r. L.

2.1 80 11% 11% 388 483 0.08 0.05 1.5 1.6
2.1 96 4% 9.4% 369 477 0.06 0.06 2.7 2.7
6.3 80 42% 24% 686 516 0.25 0.10 1.6 1.6
6.3 96 29% 23% 599 526 0.26 0.11 28 2.7

3.5 Hydrodynamics that control k;a

Previous work reported in Ansari et al.,® showed key hydrodynamic principles of this
reactor, such as i) the high turbulence near the array of micro-jets, ii) the decay of turbulence
following similar behavior to classical turbulence decay after a wire mesh, iii) that the
hydrodynamic dispersion coefficient is well-predicted by stirred tanks in series, and iv) that k; a
is successfully predicted by theory a priori. However, several hydrodynamic questions remained
unanswered by Ansari et al.,? such as i) how high the k, a and energy efficiency values could go
when the gas injection rate is pushed to maximum, ii) how the microbubbles are physically
created, and iii) why the micro-jet array creates better performance than a traditional ejector-
reactor or impinging-jet reactor.

Table 6 shows measurements of gas fraction at a location 1 cm below the pore place and
also 40 cm below the pore plate. These data shed light on the remaining hydrodynamic
questions. Gas fraction is seen to vary with SDS and KCI concentrations, and with gas input.
Focusing first on the gas fraction at 40 cm distance below the pore plate, the increased

concentration of SDS or KCI strongly reduce gas fraction in most experimental conditions. This
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effect is caused by the decrease in bubble size that occurs when more SDS and KCI is added,
which causes the bubbles to have lower rise velocity and thus “flush out” of the reactor faster.
This leads into the question as to how the microbubbles are physically created. A hypothesis
existed before this paper that the microbubbles were created when the micro-jets cut across the
middle of a bubble like a knife that “sliced” or “cut” the larger bubbles in half, thus creating two
smaller bubbles. This process hypothetically goes on until microbubbles exist and cannot be cut
in half. However, our bubble size measurements show the microbubbles produced by this reactor
(~300 pum) are usually smaller than the micro-jet diameter (1 mm or 0.4 mm), thus the “cut in
half like a knife” hypothesis cannot be accurate. Therefore a competing hypothesis was put forth,
that below the pore plate a gas-continuous headspace exists from which gas is pulled downward
alongside the micro-jets into annular filaments surrounding each micro-jet, subsequently these
filaments eventually break apart into microbubbles. This sequence of events is the same was
hypothesized in an impinging-jet reactor or ejector reactor.>>®* However, our y-beam
measurements shown in Table 6 confirm that, for most operating conditions, no gas-continuous
headspace layer exists below the pore plate. Only at very high gas injection rate does a gas layer
develop. Thus, for most operating conditions, the bubble breakup mechanism cannot be similar
to that of an impinging-jet reactor. Using these insights, the bubble breakup process is most-
logically hypothesized to occur by the events shown in Figure 5, in which the larger bubbles
(~10 mm diameter) are stretched in a water-continuous phase by shear from an individual micro-
jetinto a (~100 um tubular) unstable gas filament that collapses into several microbubbles. This
is a process found in many other methods for producing microbubbles®. This hypothesis is
supported by high-speed photographs of a single bubble breaking up in the micro-jet array, an

example of which is shown in Figure 5c. At the highest gas flow rates, Table 6 shows that a gas-
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continuous layer forms (a photograph of which is shown in Figure S15) and the impinging-jet

bubble creation mechanism may begin to contribute to bubble production.

Table 6. Gas fraction (small reactor) at two distances below the pore plate for liquid injection

rate of vg;,= 93 mm/s (upper table) and 80 mm/s (lower table).

Vequ.= 2.06 mm/s Vs, = 6.17 mm/s Vequ.= 10.3 mm/s
KCI: 15ppm 75ppm 15ppm  75ppm 15ppm 75 ppm

SDS
15ppm 86 119 29.4 482 789 675
ble forcv 25ppm 105 7.4 16.8 22 249 289
3Bppm 49 550 21.7 151 228 238
15ppm 35 44 28.6 215 391 356
32Ig\r/nv 25ppm 25 32 14.8 137 207 204
3Bppm 18 4.4 10.3 129 175 203
Vs = 2.06 mm/s Vg = 6.17 mm/s Vsou. = 10.3 mm/s

KCIl: 15ppm 75ppm 15ppm  75ppm 15ppm 75 ppm

SDS
15ppm 149 171 79.7 72.4 - 91.3
ble foTv 25ppm  12.8 143 85.6 932 923 911
3B/ppm 97 92 87.7 919 917 925
15ppm 115 65 41.8 38.0 - 36.7
églgw 25ppm 76 6.3 17.7 206 373 302
3B/ppm 46 56 135 134 404 3691

Regarding the question of why the micro-jet array reactor outperforms an impinging-jet or
ejector reactor, the evidence supports a hypothesis utilizing the length-scale of decay of
turbulence around a jet. Our measurements of the spatial decay of turbulence in the region
downstream of the micro-jet array® agree with previous classical fluid dynamics studies of jets
insofar as the decay length of a jet scales with the jet diameter.®*** Since the bubble breakup

mechanism requires only a very small distance to operate, a micro-jet can perform the same tasks
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as a macroscopic jet and also avoid unnecessary downstream shear that a macroscopic jet would
create. In other words, the large jet diameter of impinging-jet reactors causes long length scales
of turbulence which waste energy and do not contribute to bubble breakup, which explains the
lower energy efficiency of impinging-jet reactors and ejectors compared to our new micro-jet
array reactor. The bubble interaction downstream of the pore plate was found in our previous
work to behave as an infinite dilution (no bubble collisions) when the gas injection rate was
below a threshold level, and to behave as a unique form of the drift-flux model at higher gas
injection rate®. Bubble collision and coalescence is particularly important for the bubble
population dynamics downstream of the pore plate, a detailed study of which will be

forthcoming.

Figure 5. Hypothesized bubble-jet interaction and breakup mechanism under conditions of a) low

gas input (vsgy < 10 mm/s), and b) high gas input (vsgy > 10 mm/s). Panel c) shows a high-speed

microscopic photograph of a single ~500 um bubble being sheared by a single micro-jet.

This article is protected by copyright. All rights reserved.



415

416

417

418

419

420

421

422

423

424

425

426

427

428

429

430

431

432

433

434

435

436

437

From a practical perspective, two challenges exist for this technology to overcome before it
can be used in industrial operations. First, clogging of the micro-jet pores may be a problem
when liquid and gas injection materials have particulates larger than the micro-jet pore diameter,
such as is the case with geological drilled oil-gas flows. Additional filters and screens may be
necessary. Second, the effect of very small bubbles on microbial growth and replication needs to
be benign, since there is unknown risk of cell accumulation on the gas-liquid interface or harm to

cells from very small bubbles. These issues are the subject of future works on this topic.

4. Conclusions

Here we show a novel reactor design that achieves higher k; a per power expenditure than
previously known technology while operating at k; a near 0.8 s™*. The reactor uses simple
inexpensive construction and operates at ambient pressure. These features are key for the
economics of bioprocessing waste gases into liquid hydrocarbons. The enabling feature of the
new reactor is the small jet diameter and distributed geometry of the micro-jet array at the top of
plane of the reactor, which limits fluid shear energy expenditures to a thin layer where large
bubbles naturally accumulate. Bubble coalescence is suppressed because of the fast decay of
turbulence away from the micro-jet array. Bubble breakage mechanism is found to be shear
around each micro-jet, not “knifing” or “slicing” of bubbles in half. The value of k; is known to
decay with distance away from the pore plate with a characteristic length-scale equal to the
micro-jet diameter, which explains the reactor scale-up results found here, wherein the smaller
reactor produced higher k; a than the larger reactor. To maintain performance, industrial
designers are encouraged to build several pore plates in series, or to keep the height to diameter

ratio low.
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Notation

gas-liquid interfacial area per volume of liquid (m?.m?)

interfacial surface area per volume of microbes (m.m)

saturation concentration of the gas (kmol.m™)

concentration of dissolved oxygen in the liquid phase (kmol.m™)

concentration of salt at time step I (kmol.m™)

diameter of bubble (m)

dispersion coefficient (m”.s™)

y-beam intensity with reactor filled completely with liquid, (photons cm™.s)
y-beam intensity with reactor filled completely with gas, (photons cm™.s)
y-beam intensity with reactor filled with gas-liquid dispersion, (photons cm™.s)
time and space averaged liquid-side mass transfer coefficient (m.s™)

time and space averaged microbe-liquid interface mass transfer coefficient (m.s™)
time and space averaged volumetric mass transfer coefficient (s™)

time-space averaged volumetric gas-liquid interfacial mass transport (s™)
height of the column (m)

number of tanks-in-series
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484

P/V power dissipation per volume (W.m™)

Poot pressure at the bottom transducer (atm)
Prop pressure at the top transducer (atm)
r radial locations in the large reactor (m)
R radius of the large reactor column (m)
S.I. small reactor

Lr. large reactor
t time (s)
t mean residence time (s)

[SO%7] concentration of sulfite (kmol.m™)
u velocity of the micro-jets emanating from the pore plate (m. s™)
Vsgy gas superficial input velocity (m. s™)
Valv liquid superficial input velocity (m. s™)
€g gas void fraction

6’ variance (s°)

[ brackets denote a concentration

a overbar denotes a time-average
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