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Abstract

Micro-Encapsulated CO, Sorbents (MECS) are a promising technology for post-combustion
carbon capture because they enable slow-reacting solvents like carbonate solution to compete
with traditional amine solvents. Before scaling up MECS for pilot testing, modeling is needed to
design a MECS absorber and quantify its size and energy penalty. To that end, a multi-scale
model for MECS- that ranges from a single capsule to a 500 MWe power plant absorber- is
developed and presented here. First, the individual capsule model is developed and fitted to
experimental CO; absorption data collected on a 0.1g sample of capsules filled with sodium
carbonate solution. This capsule model is then validated against data collected on a 25¢g batch of
capsules exposed to flue gas conditions in a fluidized column. This model is then scaled up to
represent two absorber designs: a multi-stage, counter-flow fluidized bed and a hollow,
cylindrical packed bed with radial gas flow. These two absorber bed models are first optimized
for a 1 MWe pilot-scale absorber, and then optimized for a 500 MWe coal plant. This model
predicts absorbers of similar dimensions and smaller energy penalties than previously modeled
absorbers filled with amine solvent capsules. Furthermore, it is demonstrated here that a few
reasonable improvements to capsule design would result in absorber sizes and energy penalties
lower than those of a benchmark amine solvent tower. These results demonstrate that micro-
encapsulated carbonate solution can compete with faster-acting amine solvents for post-
combustion carbon capture.
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Graphical Abstract

Figure X: Micro-encapsulated sorbent (MECS) consist of a COz-absorbing material inside a
polymer capsule shell (shown in bottom left). A model is developed in this paper in order to
extrapolate lab-scale experimental results on MECS to predict absorber sizes. First, a model for
CO; absorption in an individual capsule is fitted to experimental loading curves collected on 0.1-
gram samples of MECS exposed to CO> (shown on left). Next, the capsule model is validated
against data collected on 25 g of capsules fluidized in an absorber column (shown bottom
center). The model is then optimized for a | MWe coal testing facility (fluidized bed design
shown on top). Finally, the model is used to size an absorber for a 500 MWe coal plant (modular
packed bed design shown bottom right).



Nomenclature

Acronyms & Abbreviations

FB Fluidized bed
MECS Micro-Encapsulated CO» Sorbents; also called “capsules”
MEA Monoethanolamine; an amine-based carbon capture solvent
MWe Megawatts electric; electrical output of power plant
NCCC National Carbon Capture Center
PB Packed bed
TEA Techno-economic analysis
wt% Weight percent; percentage of solution that is carbonate
Symbols
D Absorber bed diameter [m]
d. Capsule diameter [um]
H Absorber bed height [m]
Keep Overall mass transfer coefficient based on experimental data [m s™!]
K, oot Modeled overall mass transfer coefficient [m s]
K. Modeled mass transfer coefficient through the polymer shell [m s']
K., . Modeled mass transfer coefficient in the core solution [m s™']
L CO; loading of the capsules [mol (kg H2O0)™']
o lvent Solvent volume fraction []

1. Introduction

Post-combustion carbon capture faces two main challenges: 1) the massive scale of CO»
emissions, and 2) the energy penalty of separating CO,. Roughly 60% of the proposed
technologies in this space involve chemical absorption, a process in which CO» is taken into the
bulk phase of another material [1]. Amine solvents are the most commonly used solvents for
carbon capture, and MEA is the benchmark amine solvent [2]. Although MEA has fast CO»
absorption kinetics, it comes with a steep energy penalty because MEA regeneration requires a
large amount of heat [3]. Many alternative amines have been proposed in order to lower this
energy penalty, such as piperazine [4] and Cansolv [5]. Advanced process designs, with process
modifications like stripper inter-heating, have also been proposed to lower the energy penalty
associated with amine scrubbing [6]. However, even with these solvent and process
improvements, the energy penalty of regeneration is cumbersome for amine solvent



technologies. Furthermore, amine solvent towers are massive and expensive at the power plant
scale due to solvent cost and tower design.

Carbonate solution (either KoCOs3 or Na,CO3) is an alternative to amine solvents that is: 1) more
scalable due to abundance and low cost, and 2) boasts a significantly lower energy penalty.
Traditionally carbonate solution has been overlooked as a competitive technology because the
kinetics of CO; absorption are relatively slow [7]. However, two recent enabling technologies
can overcome this performance gap: 1) micro-encapsulation and 2) a new biomimetic catalyst.
Firstly, micro-encapsulated CO> sorbents (MECS) or “capsules” enable CO»-absorbing solvents
to be encased in a gas-permeable, polymer shell [8]. Microencapsulation increases the surface
area of the core solvent by two orders of magnitude, which enables slow-reacting carbonate
solution to absorb CO> roughly 100 times faster than it would in a pool [9]. Secondly, the CO>
absorption rate in carbonate solution can be dramatically improved using cyclen, a carbonic
anhydrase mimic [10]. In fact, recent work has demonstrated that carbonate solution loaded with
carbonic anhydrase performs comparably to MEA in terms of CO; absorption rate and column
size [11]. Therefore, micro-encapsulated carbonate solution with carbonic anhydrase has the
potential to compete with traditional amine solvents in terms of CO absorption rate and
therefore absorber size.

Models have recently been developed for micro-encapsulated carbonate solution through the
Carbon Capture Simulation Initiative at DOE national laboratories [12]. One of these models
depicts a single capsule in great detail, but cannot be used to obtain results for a meter-scale
absorber [13]. Another model from this initiative has focused on a large packed bed of MECS
[14], which is impractical for a plant-scale absorber due to the large pressure drop. There is still
a need for a MECS model that can accurately depict both a single capsule and a large fixed or
fluidized bed of capsules. Models for both packed bed and fluidized bed MECS absorbers are
needed at this stage because both designs are strong candidates that are commonly used for solid
sorbent carbon capture systems [15]. In a fixed bed, gas is forced to flow through a closely
packed bed of confined capsules, while in a fluidized bed, capsules are blown freely around by
the gas. In general, fixed beds are smaller, but they also suffer from higher pressure drops and
less uniform temperatures [16]. Fluidized beds, on the other hand, have lower pressure drops and
enhanced heat and mass transfer, but typically involve larger vessels. In a power plant, vessel
size and pressure drop will impact the capital cost and operating cost, respectively. Modeling
both fixed and fluidized beds of MECS will provide insight on how to minimize both pressure
drop and size. Absorber size and regenerator energy penalty are the two key metrics studied with
the packed and fluidized bed models here because they scale roughly with capital cost and
operating cost, respectively. The analysis presented here is therefore a first step towards
performing a techno-economic analysis of MECS-based carbon capture systems.

First, an individual capsule model is developed and fitted to gram-scale CO, absorption data.
Next, this capsule model is validated against bench-scale data for a fluidized bed of MECS. This
capsule model is then integrated into two absorber models for 1) a multi-stage fluidized bed, and



2) an annular packed bed. These models are then optimized at both the pilot-scale and plant-scale
to predict absorber sizes and energy penalties. These full-scale results are compared with
previous model predictions for absorbers filled with MEA [17] and with micro-encapsulated
MEA [18]. Finally, capsule design parameters are varied to quantify the impact of design
improvements on absorber size and energy penalty.

2. Methods

2.1 Experimental

Capsules were produced by first generating double emulsions in a microfluidic apparatus, and
then curing by exposure to ultraviolet light. The production methods described in Vericella, et
al.[9] are implemented here but in a parallel array of up to three microfluidic chips (Dolomite
Microfluidics, Inc.). Each of these custom-made chips had four built-in drop-making devices
running in parallel to produce samples quickly. The core fluid in these capsules is an aqueous
solution with 17 weight (wt)% Na,COs, 50 mM of cyclen catalyst, and 0.05 wt% alumina
powder (particle size < 1 um, promotes uniform nucleation of NaHCOj crystals). The capsule
shell is composed of a silicone-acrylate based polymer (TEGO Rad 2650) [19] and takes up one-
third of the total capsule volume, resulting in a solvent volume fraction of v, = 2/3. The

average diameter of these capsules was 480um, as determined by microscopic imaging. The
capsules were coated in 1 wt% silica powder to prevent them from sticking together. Capsules
were stored in 17% Na,COs solution in closed vials at room temperature before testing to ensure
they did not dry out or swell with water based on ambient humidity. The capsules were then
heated to 60°C in 17% Na>COs solution for 30 minutes to ensure that all crystals inside the
capsule were dissolved and that all absorbed CO> was released before testing. Capsules were
then removed from this solution, rinsed and dried with vacuum filtration to prepare them for
testing.

Two experimental set-ups were used to measure the CO» absorption rates of the capsules. The
“pressure drop” apparatus shown in Figure 1 tests small batches of stationary capsules exposed
to CO: in a closed vessel at constant temperature. The temperature of this vessel is controlled by
a water loop that circulates water through a jacket surrounding the glass reactor. The
temperature of this water loop is set to a value between 25-60°C and given 10-15 minutes to
reach thermal equilibrium before inserting the sample. Small samples of capsules (~100mg) are
dispersed into a monolayer on small wire mesh trays that are first weighed and then stacked
inside the reactor vessel. The vessel is then sealed with a stainless steel flange and gasket that are
clamped tightly on the vessel opening. The ball valve is then turned to the vacuum pump, and a
vacuum is pulled until the pressure reading reaches a minimum value, typically around 0.01 bar.
The ball valve is then closed and the vacuum pump is shut off. The reactor is given sufficient
time (typically 20-30 minutes) for pressure to equilibrate as water vapor is released from the
capsules. Once the pressure has leveled off, the ball valve is then turned to the CO; line, and



CO; is injected into the chamber until the total pressure reaches approximately 0.55 bar. The
valve is then closed, and the total pressure is recorded every second until the pressure reaches
steady state. Experiments are performed at a high partial pressure of CO; in order to more
accurately detect the rate of CO absorption in the small sample. The absorption rates are later
normalized for partial pressure of CO, in order to model capsule performance under flue gas
conditions.

3-way ball valve
Vacuum
pump
Cco,
SS flange
\ @—) USB plug-in
[ I — I ]
Double-walled f/ m
glass reactor viselA Clamp
Monolayer of
capsules Stack of
Isothermal ~ mesh trays
water jacket i ™
Water Water
loop heater
Water | 1
¢ pump

Figure 1: Schematic of pressure drop experimental apparatus, used to test small (~100mg)
samples of stationary capsules for CO absorption rate in a closed chamber.



The second experimental apparatus consists of a column reactor with an inner diameter of 2.4 cm
and height of 29 cm, shown in
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Figure 2. This flow-through set-up is used to test larger batches of capsules (~15-30g). Mixtures
of N> and CO; are sent through a dewpoint generator and an in-line resistive heater to produce a
warm, humidified gas mixture simulating coal flue gas. Total flow-rate through the column can
be varied up to 2.0 L/min, which corresponds to roughly twice the minimum fluidization velocity
of the capsules used in this study. The flow meter has a repeatability error of 0.005 L/min,
which is used later to quantify the uncertainty of these experimental measurements. Pressure,
temperature and CO> concentration are recorded at both the bottom and at the top of the column
every 20 seconds. The column is pre-heated with humidified nitrogen for 30 minutes to ensure
that the capsules and column reach the desired steady-state temperature. CO; is then introduced
at ~10% of the total flow-rate, and the experiment is run until the difference in CO>
concentration between the top and the bottom of the column is below detection (~60 min).
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Figure 2: Layout of absorber column experimental apparatus, used to test larger batches (15-30g)
of packed or fluidized capsules for CO; absorption rate in a flow-through configuration.
Thermocouples (TC) and pressure transducers (PT) take measurements below and above the
capsule bed every 20 seconds.

The measurements collected from both experimental set-ups were analyzed to determine the rate
of CO; absorption into the capsules, 7, [mol s'], over time. The mass transfer coefficient

based on experimental pressure drop, K., [m s, is then calculated according to [9]:

Ke.x'p = '}CO.. RT/(:ASL'?”)‘PCO.:) (1)

where R is the universal gas constant [J mol'K™!'], T is the temperature [K], 4 is the total

surf
surface area of capsules [m?], and P, is the partial pressure of CO; in the chamber or column
inlet [Pa]. These mass transfer values based on experimental data are then compared to modeled
mass transfer values for fitting and validation.

2.2 Modeling

2.2.1 Single capsule

The goal of these models is to estimate and minimize the size of fluidized and packed bed
absorbers filled with MECS. The multi-scale modeling approach taken here begins with an



individual capsule and then scales up to an absorber bed filled with capsules. The CO:
absorption process in an individual capsule consists of CO, diffusion through the capsule shell

and then CO; reaction with the inner solution. The model mass transfer coefficient, k, . [ms’

1, for a capsule can therefore be expressed in terms of the coefficients for the shell and the core
solvent using a resistors-in-series model:

Kr.nodsl:[( - )+( - )]_1 (2)

Keheli Keare

where K_, . is the coefficient for diffusion through the shell [m s7!], and K____is the coefficient
shell g cors

for reaction in the core solution [m s!]. The shell mass transfer coefficient is a function of the
shell thickness and shell permeability:
K. _,=(P/1)*RT (3)

shell
where | = 30 um for the batch of capsules tested and modeled here, and P = 3300 barrer = 1.1E-
12 mol m/(m? s Pa).

The mass transfer coefficient for the core is more difficult to characterize because the reaction
mechanism for CO» absorption in NaxCOs solution is altered by the presence of cyclen. The
dominant reaction pathway for CO> absorption in uncatalyzed NaxCOs solution is [7]:
CO,+ OH™ « HCO;. Knuutila et al. [7] used second-order and pseudo-first-order expressions

to model this reaction, based on [0H ] and/or [CO:]. However, those reaction models didn’t
account for the presence of cyclen, and they only predicted the initial rate, not the entire loading
curve. Therefore, in the absence of a mechanistic model to represent the loading curve, an
empirical model is implemented here that corresponds to the shape of the experimental loading
curve:

K..._=An(L)+B 4)

cors

where L is the CO» loading of the capsules [mol (kg H2O)'], and 4 and B are unknown constants

that are determined by a least-squares fit to the empirical data collected in the pressure drop set-
up over a range of temperatures.

2.2.2 Absorber bed

The capsule model in equations (2)-(4) is integrated into a full-scale Matlab model of an
absorber bed full of capsules. This absorber model includes two variations: a counter-flow
fluidized bed and a cylindrical packed bed, as shown in Figure 3. The fluidized bed is modeled
as a series of continuously-stirred tank reactors, where the capsules run counter to the flue gas
through n stacked stages. This counter-flow design exposes the most loaded capsules to the

highest CO> concentration and the least loaded capsules to the lowest CO: concentration.
Dividing the fluidized bed into multiple stages also substantially reduces size because the



capsules in the lower stages are exposed to higher partial pressures of CO», resulting in faster
CO; absorption. Unlike the steady-state fluidized bed model, the packed bed model is unsteady
and 1D in the radial direction. The concentric packed bed design with radial flow reduces bed
pressure drop relative to a standard packed column bed with axial flow. This hollow cylindrical
bed design resembles the design of a grain dryer system [20] and Siemens-Westinghouse tubular
solid oxide fuel cell system design [21]. This pressure drop advantage is critical when dealing
with absorbers for full-scale power plants, where conventional packed beds would require

incoming gas to be pressurized to flow through.

Fluidized Bed (FB) Packed Bed (PB)
R:
u Capsules m
gas . Rout '<_| 12 m
B Y RS
ERSRAES Y (I
2 H
H Ugas
1
K 7
5 v__|
h ﬁFluegas

Figure 3: Graphical depictions of the Matlab absorber model for a fluidized bed of capsules with
n counter-flow stages (left), and a radial packed bed of capsules with m axial nodes (right).

The diameter of the fluidized bed (FB) is a function of the flue gas flow-rate and the gas

velocity:

(E)D: = Qgﬂs..in/(sFBU‘gas) (5)

where p is the fluidized bed diameter [m], an“.n is the total flow-rate of gas into the absorber
[m? ], &, is the bed porosity, and U, i the inlet flue gas velocity [m s'']. The bed porosity

for the FB is determined by the Richardson-Zaki equation [22]:

Erp = (u'gas/u‘l") es (6)



where 1 .. 1s the terminal velocity of a capsule:

Uy = V."(Brricg:)/(pgAp,,ojCD:) (7)
where m _is the mass of an individual capsule [kg], p, is the density of the inlet gas mixture [kg

m>3], 4 = rr? is the projected area of a capsule [m*], and ¢, = 0.47 is the drag coefficient

proj
of a spherical particle. The number of capsules in each of the n stages is determined by

prescribing the same total CO» absorption rate and the same % increase in capsule loading across
each stage. The height of each stage, h, is then determined based on the total volume of

capsules in each stage according to:

h; = Veaps /11— &5) ( )D:] (8)

where V____is the total volume occupied by capsules in the given fluidized bed stage [m?®]. The

caps
total capsule volume is determined by solving for the needed total capsule surface area in

equation (1). The mass transfer coefficient in that calculation is the mean value of K

modsl over

the range of capsule loadings in that stage. This averaging approach is taken based on the
assumption that capsules are continuously fed into and out of a given stage, resulting in a wide
distribution of CO» loading for capsules in that stage. The total height of the FB absorber is then
the sum of the individual heights of the 1 stages, assuming that the stages are stacked vertically:

H=3""h ©)

In the packed bed model, all of the geometric dimensions are inputs: the height (H), inner radius
(R.,), and outer radius (R, ). The porosity of the packed bed (PB) is determined by the
Broadhurst & Becker correlation for minimum fluidization porosity [23]:
S = 0. 586(—9— 0.029 ('E&‘)0.0il (10)
Pgd\pe— Jg'(lc A
where Hy is the gas viscosity [kg m's™'], d_ is the capsule diameter [m], Pq is the gas density

[kg m™], and the average density of these Na>CO; capsules is p_ =1,164 kg m™.

The total pressure drop in the packed bed, AP,_, [Pa], is determined by applying the Ergun
equation across the bed thickness, (R, . — R;, ) [23]:

APy o d. \ =&pgt 150
——bed ( : ) FE_ == +175 (11)
(Roye—Rin) \Pglgas~/ (1-spp) Re

where Re = Pyllgasd./[(1— epg)i,] is the modified Reynold’s number for a packed bed, and

gas velocity Uggs is the gas velocity at the first node:



ugas = Q.gas.:‘n/(:sPBz’TR:’nH:) (12)

where ansm is the total flow-rate of flue gas into the packed bed [m? s7']. Because gas velocity

decreases as gas flows radially outward, the maximum value occurs at the first node. Therefore,
using the inlet gas velocity for the pressure drop calculation in equation (11) results in a
conservative estimate for maximum pressure drop across the bed. The pressure drop across the
inner pipe is also calculated, according to the Hagen-Poiseuille equation:

BHu,Q :
— ZTHg¥gasin
AP;Ji;JE .'TR?‘ (13)

The total pressure drop across the pipe and bed is then checked and kept below the maximum
pressure drop cut-off (AP, = 0.2 bar)to forego the need for flue gas compression:

< AP (14)

pips — max

AP, .+ AP

Similarly, the residence time of gas in both the pipe and the bed is checked for each design to
ensure that gas doesn’t flow too quickly through the system.

The total PB thickness is divided into mn nodes of equal thickness, (R

-
S 2 h

—R,) /m for the 1D

transient simulation. The first node is always exposed to the flue gas partial pressure of CO»,
while subsequent nodes are exposed to lower CO; partial pressures as CO; gets absorbed by
upstream capsules. More specifically, the flux of CO into node (i + 1) is the flux of CO; into

node ; minus the rate of CO» absorption in node i:

Negaisr = Neozi — (Mcozaps): (15)

where (:hCOZ.abs:):' = [(:KmodelAsurf‘DCOZ)/RT] and K

model

' is evaluated based on the capsule

loading in node ; from the previous time step. All of the capsules in the bed are initially

unloaded, and increase in loading incrementally with each time step:
Licsne =Lie + L At (16)

where L, is the loading of capsules in node i at time ¢ [mol (kg H20)'], L., is the loading rate
in node i at time ¢ [mol (kg H,0) -' s'!], and At is the simulation time step [s]. The gas-phase
CO; profiles and capsule loading profiles are generated at each time step by marching
sequentially from node 1 to node m with Equations (15)-(16). The carbon capture rate, €., is
calculated at each time step based on the fluxes of CO> entering and exiting the bed:

_ Hcozm+rTNC022 (17)

c =
€0, RCOz,1



The simulation continues until the carbon capture rate averaged over all of the previous time
steps drops below 90%. The time that it takes to reach this time-averaged capture rate is called
the breakthrough time (¢, __,), which is required to be larger than a prescribed input value. This

minimum breakthrough time is implemented to ensure that absorption time is compatible with
the time required to heat and cool the bed during the other steps of the absorption/desorption
cycle. A full packed bed system would likely consist of at least four of these modeled beds
cycling between the absorption, heating, desorption and cooling steps [24]. Similarly, the full
fluidized bed system would consist of at least two of the modeled multi-stage beds for absorption
and desorption, along with a solid-solid heat exchanger to heat and cool capsules between the
two beds [18].

2.2.3 Regenerator heat

Although there is no energy penalty associated with the absorber, there is an energy penalty
associated with removing CO; from the loaded capsules in the regenerator. Based on lab-scale
experimental observation, CO; is removed from these particular capsules most effectively by
exposing them to steam at 100°C. The heat required for steam regeneration, Qreg [MW], can be

broken down into three components [18]:
QP’EQ = Q:‘ap + QSE.".'S + QP'EGCT (18)

where @___ is the heat required to vaporize water to send to the regenerator, ¢____ is the sensible
vap q p g Q.,en.,

heat required to pre-heat the capsules before they enter the regenerator, and @ is the heat

react

input for the CO; desorption reaction. Quap values in (18) are set to those obtained for MEA
capsule regeneration in packed and fluidized beds [18]. These Quap values are conservatively

high estimates for Na,COs regeneration, which theoretically requires as little as 1/5 of the steam
required for COz stripping from MEA [25]. The sensible heat in (18) is calculated according to:

m

_ . Mgheil core “ - .
Qsen: = HI* 'nCO:(. ,)]SC(;;‘ Cp.shell —:-ﬁgjcp.cors.) (T.'*eg - Tabs.) (19)

where HI = 0.4 is the heat integration factor, which is based on the assumption that 60% of the

sensible heat load can be supplied by heat transfer from capsules and/or steam exiting the

regenerator [18]. 1, is the mass flow-rate of CO> (carried by capsules) into the regenerator

[kg s'], which is 90% of the CO, flow-rate into the absorber (for 90% capture). ¢, _, _,, and
Pshell

Cp ore are the specific heats of the PDMS shell and NaxCOs core solution [kJ kg K],

T,., = 373 K (100°C) is the regeneration temperature, and T_,_1is the absorber temperature.

The mass ratios of shell and core solvent to absorbed CO (22l Zcore gre calculated based on
m CO: m CO: N

the assumption that the solvent reaches 90% CO: loading before entering the regenerator, which
is near the theoretical limit of 93% loading [25]. Finally, the heat of reaction in (18) is:



Qs = (=£22)(AH (20)

.+ 2SAH
Meco, ' ™

desor dissolve )

where M., = 44 kg (kmol)', AH,___ = 26.57 MJ (kmol CO,)" is the heat of the CO»
desorption reaction (2HCO; — C0O;~ + H,0 + CO,), AH,.. = 17.2 MJ (kmol CO,)"! is the

heat of the dissolution reaction for nahcolite (NaHCO,(s) = Na™ + HCO;), and S is the

desor

solve

fraction of absorbed CO; that gets converted to nahcolite. This fraction § is determined by

running the Pitzer equilibrium model for a given solution, and the multiplier of two accounts for
the fact that two moles of nahcolite are formed for every mole of CO: reacted:
CO, + 2Na* + C02™ + H,0 - 2NaHCO,(s).

In order to determine the electrical energy penalty associated with regeneration, the following
thermal-to-electrical energy conversion equation is used [17,26]:

; — 4 Teond -
LV"eg - ’Isfo."eg (l Tregzlo') (21)

where the effective conversion efficiency is 5,.. = 0.80,the condenser outlet temperature is

T.ona = 300 K,and the regenerator temperature is T, = 373 K. Thus, equation (20) reduces
0! W, poiter = 0.173Q,,,. Similarly, the electrical energy penalties [MWe] associated with

water vaporization, sensible heating and the desorption reaction are given by:
I"V:‘ap = 0'173Q1'ap' H”;ens = 0'173Qsens'and I"Vreacr = 0'173Qr‘eac:'

3. Results & Discussion

The purpose of developing the previously described models is to scale up lab results to estimate
the sizes and energy inputs of full-scale absorbers. The lab-scale work is presented first, followed
by pilot-scale (1 MWe) and full-scale (500 MWe) absorber results.

3.1 Lab-scale Results

The capsule-scale model was first fitted to experimental data collected in the pressure drop
apparatus, shown in Figure 1. The model was fitted to data collected at three absorption
temperatures, summarized in Table 1. All three of these data sets reached nearly full CO;
absorption capacity, as determined by the Pitzer model, which determines the equilibrium
mixture for CO; absorption in Na;COs solution [25]. Thus, the experimental data collected in the
pressure drop apparatus covered the wide range of CO, loadings that would be present in
capsules in a full-scale absorber. The experimental pressure drop data vs. time is compared to
modeled pressure drop in Figure 4. The model deviates from experimental data as time
progresses because error is cumulative and because the model wasn’t fitted directly to these
experimental data sets. Rather, the model was fitted to match the mass transfer coefficient
curves, as shown in Figure 5. This approach to matching mass transfer coefficients was taken



because a model for mass transfer coefficient vs. loading is needed for sizing the larger capsule
absorbers. The modeled curves were fitted to the experimental curves by performing a least-
squares fit of Equation (4) to each of the three data sets. This resulted in the following Arrhenius
functions for the two fitting parameters from Equation (4):

A = —2,384exp[—48,410/RT], B = 0.176exp[—25,130/RT] (22)

where R? = 0.96 for both Arrhenius functions. The resulting match of K to K_._in Figure

model sxXp

5 captures the three experimental data sets well, particularly at flue gas temperature (40°C).

The fitted model (K ) at 40°C is re-plotted in Figure 5 in order to perform a sensitivity

modsl )

analysis on the two terms that compose K in Equation (2). Shell mass transfer (k_, _,,) is

model shell

varied in the left plot, and core mass transfer (K __, ) is varied in the right plot of Figure 5. Based

on these plots, K, is more sensitive to variation in core mass transfer (K _)than it is to

model

variation in shell mass transfer (K, _,,). This finding indicates that CO, diffuses faster through

the shell than it reacts in the core solution. Hence, CO; absorption appears to be the slow step in
the process. This observation is consistent with the fact that x_, _, is only smaller than x____at

very low CO> loading, when Kk___is highest. These results indicate that the best way to raise

CO; mass transfer rate is by improving the core solvent, not by improving the shell permeability.

Table 1: Summary of experiments performed in the pressure drop apparatus.

Temperature Mass of capsules | Theoretical capacity Observed capacity
[°C] [mg] [mol CO; (kg H20)"'] | [% of theoretical capacity]
25 178.7 1.923 100.6%
40 92.5 1.882 94.8%
60 116.9 1.772 84.1%
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(right). Experimental data was collected for samples of ~0.1g of capsules in the pressure drop

apparatus. Experimental error bars are based on the 0.08% error in the pressure transducer.
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Figure 5: Calculated mass transfer coefficients based on experimental pressure drop data (k)
and modeled mass transfer coefficients (K, ,_,) as a function of CO; loading percentage. Mass



transfer coefficients are plotted at three temperatures: 25°C (left), 40°C (middle) and 60°C
(right). Error bars on K,,, curves are based on propagated error from the pressure transducer

and temperature controller, and uncertainty in the average capsule diameter.
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the mass transfer coefficient of interest doubled (large dashed lines), and to K, _ ., with that

coefficient halved (small dashed line).



This fitted mass transfer coefficient model is validated against experimental data collected on a
larger batch of fluidized capsules in the column apparatus (shown in
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Figure 2). The loading curve generated by the model is compared to experimental column data
in Figure 7. Unlike the data presented in Figure 5 (which corresponds to small samples of
capsules arranged in a fixed monolayer), this data set was collected for a larger sample (25g) of
capsules in a minimally fluidized bed. Therefore, the model’s approximation of the column data
set in Figure 7 is remarkably close, given that the model was fitted to data collected under such
different conditions. The model’s slight over-estimation of experimental CO; loading may be
attributed to the fact that the model was fitted to data for capsules that were better exposed to
CO> when spread out in a monolayer. The model predictions also fall well within the error bars
of the experimental data set, which grow with time because the plot is cumulative. These
experimental results in Figure 7 also indicate that more than half of the CO; loading occurs
within the first 10 minutes of exposure, since equilibrium loading is 1.73 mol (kg H2O)! for this
experiment. The CO; loading time predicted by this column data set is conservatively slow
because an actual absorber would operate hotter than 40°C (and CO> loading rate increases with
temperature). The model curve in Figure 7 is used in the fluidized bed absorber model to
translate capsule residence times into loading values. This loading vs. time model is used in

conjunction with the capsule mass transfer model (k, ;) to predict CO, absorption rates for

capsules in the system-level absorber models presented next.
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Figure 7: Modeled and experimental loading curves for 25g of capsules absorbing CO- in the
column apparatus at flue gas conditions (40°C, 90% N>+10% CO.). Equilibrium loading at these
conditions is 1.73 mol (kg H>O)!. The capsules in the column were fluidized at roughly twice
the minimum fluidization velocity. Error bars denote the maximum experimental error based on
uncertainty in the flow meters.

3.2 Pilot-scale Results (1 MWe)

Both the packed and fluidized bed absorber models are first sized to a 1 MWe coal carbon
capture testing set-up similar to the one at the DOE National Carbon Capture Center (NCCC)
[27]. The input parameters to these 1 MWe simulations are summarized in Table 2. The flue gas
composition and carbon capture rate are obtained from a report by the National Energy
Technology Laboratory [28], which models carbon capture for a subcritical pulverized coal
plant. The flue gas flow-rate comes from a report about the operating conditions for 1 MWe
carbon capture systems at the NCCC [27]. Similarly, the maximum absorber height is capped at
5.0 m based on the estimated height of a MEA absorber tower currently installed at NCCC. The
packed bed pressure drop is limited to 0.2 bar to ensure that a blower could flow gas through the
bed without the need for a compressor. The capsule residence time in the FB and the minimum
breakthrough time in the PB are both set to 10 minutes. This cut-off value is selected primarily
to minimize error in model predictions at larger time-scales, based on the growing deviation in
modeled and experimental loading from the column test around the 10-minute mark (see Figure
7). Based on the column data in Figure 7, 10 minutes also ensures sufficient time for capsules to
load with CO», especially when the absorber operates at higher temperatures than 40°C, where
CO; loading occurs more quickly.



Table 2: Input parameters to the Matlab models for packed and fluidized bed absorbers exposed
to coal flue gas produced from 1 MW of electricity (simulating test conditions at NCCC [27]).

Parameter \ Value
Both Packed & Fluidized Beds

Flue gas composition 13% CO2 + 87% N2
Total flow-rate of flue gas 1.26 kg s™!
Average bed pressure 1 bar
Percentage of incoming CO; captured | 90%
Maximum absorber height, 5 50m
Fluidized Bed Only

Average capsule residence time, teap 10 min
Number of stages in series, n 5

Packed Bed Only

Max bed pressure drop, Ap, . 0.2 bar
Number of nodes, m 10

Time step, At 1.0s
Minimum breakthrough time, ¢, __. 10 min

The resulting dimensions of a fluidized bed (FB) absorber for a 1 MWe system are shown as a
function of gas velocity in Figure 8. The isothermal bed temperature is varied from 45 to 60°C
to cover the predicted range of possible temperatures in the absorber. This temperature range is
based on the fact that flue gas temperature is ~40°C coupled with the fact that the CO; absorption
reaction with Na;COs is moderately exothermic. The FB diameter and height are both strong
functions of gas velocity, as explained by equations (5)-(9). Figure 8 shows that there is an
inherent tradeoff in absorber size with respect to gas velocity: raising the gas flow-rate allows for
smaller diameters, but also results in greater heights due to increased bed porosity. It turns out
that the minimum volume FB reactor occurs at the lowest gas velocity of 0.1 m s™! because the
height increases more rapidly than the diameter shrinks with respect to gas velocity. This result
indicates that moving towards a minimally fluidized or packed bed is ideal for designing a
compact absorber. The right subplot in Figure 8 indicates that absorber height is also minimized
by raising the temperature, which speeds up the rate of CO, absorption (as shown in Figure 5).
An operating temperature of 60°C is therefore adopted in future results in order to determine the
minimum attainable bed height.
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velocity, u gas and temperature, T =45-60°C, for a | MWe system.

Figure 9 shows the overall dimensions for the most compact 1 MWe fluidized bed and packed
bed absorbers operating at 60°C (and a gas velocity of 0.4 m s’ for the fluidized bed). Both
absorbers are similar in height to the estimated 5.0 m tall MEA tower at NCCC. However, their
diameters are larger than the estimated 0.5 m diameter of the NCCC tower because these capsule
beds operate at substantially lower gas velocities than those of MEA solvent towers. A recent test
performed at NCCC involved a 12.2 m tall packed bed [29], so the absorber dimensions shown
in Figure 9 do not appear cumbersome for NCCC. Based on these 1 MWe simulation results, a
reasonably compact absorber can be attained by either a minimally fluidized bed or a packed bed
at 60°C.
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Figure 9: Dimensions of the most compact fluidized bed (left) and packed bed (right) absorbers
for a 1 MWe system operating at 60°C.

3.3 Full-scale Results (500 MWe)

In order to investigate the feasibility of MECS for carbon capture in fossil power plants, the
absorber size and regenerator energy penalty are modeled for a 500 MWe coal plant that was
recently built in Australia [18]. These size and energy results are compared with the results from
two previous studies for an MEA solvent tower [17] and for encapsulated MEA absorbers [18].
Many of the inputs to the model for this simulation (listed in Table 3) are similar to the inputs
used in the previous two MEA studies for the sake of comparison. Only the regenerator inputs
(100°C, 1 bar) differ from those used in the previous studies (120°C, 2 bar), which is due to the
fact that CO2 removal from Na,COj3 solution can occur at a lower temperature and pressure. The
rest of the absorber parameters listed in Table 3 are similar to those listed in Table 2 for the 1
MWe simulation. The 500 MWe absorber simulations are first performed for the capsules
currently produced in the lab (described in the experimental methods section). Next, these
simulations are repeated for capsules with a few attainable design improvements.



Table 3: Input parameters to the Matlab packed bed and fluidized bed models to simulate an
absorber + regenerator for a 500 MWe coal power plant.

Parameter Value
Both Packed & Fluidized Beds

Flue gas composition [17] 13% CO2 + 87% N2
Flow-rate of CO> in flue gas [17] 112.2 kg s
Maximum absorber height, 5 [17] 155m
Absorber temperature, T_, 60°C
Absorber pressure, P_, _ 1 bar
Absorber temperature, Treg 100°C
Absorber pressure, Preg 1 bar

CO; capture rate 90%
Fluidized Bed Only

Average capsule residence time, teap 10 min
Number of stages in series, n 10

Packed Bed Only

Max bed pressure drop, Ap, . 0.2 bar
Number of radial nodes, m 10

Time step, At 1.0s
Minimum breakthrough time, ¢, _ . 10 min

3.3.1 Current capsules

The resulting sizes and energy penalties for 500 MWe absorbers filled with currently-produced
Na;COs capsules are shown columns 1 and 3 of Figure 10. These size and energy results are
compared with previous modeling results for encapsulated MEA [18] in columns 2 and 4, and
with results for a conventional MEA solvent tower in column 5. The heights of the five systems
are all around 15m by design (with the exception of the packed bed of MEA capsules, which is
closer to 18m tall). However, the absorber diameters range from 16-30 m across the five
designs, which is due to the wide range of gas velocities (ugas = 0.9 m s’! for the 30.1 m-

diameter Na>COs fluidized bed; u___= 4.75 m s’! for the 16.7m-diameter MEA fluidized bed).

Although the Na>COs fluidized bed is significantly wider than the benchmark tower, the Na,COs
packed bed has nearly identical dimensions to the benchmark tower. The Na>xCO3 packed bed is

gas

compact due to its modular design (shown in Figure 11), which has an intrinsically high surface
area per unit footprint. This modular bed design is inspired by Membrane Technology &
Research’s spiral-wound CO, separation membrane system for fossil power plants [30], and



maintains a pressure drop of < (0.2 bar (a single packed bed cylinder with the same outside
dimensions would result in a pressure drop of 25 bar!)

In terms of energy penalty (bottom row of Figure 10), both of the Na,COs capsule absorbers are
competitive with the MEA tower. The Na>COs capsule absorbers compare favorably with the
MEA capsule absorbers due to the smaller heat of reaction and smaller sensible heat
requirement. Whereas the MEA capsule absorbers are prohibitively energy-intensive, the
Na>COs capsule absorber energy penalties are on par with the energy penalty of the benchmark
tower. It is worth noting that the energy penalty results in Figure 10 do not account for the
energy required to compress CO; leaving the regenerator. The main motivation for omitting
compression energy penalty is that it only differs slightly between these cases, whereas
regenerator energy penalty varies substantially. The compression energy penalty will likely be
slightly larger for the Na;COs capsule cases than for the benchmark MEA tower because the CO>
leaves the regenerator at 1 bar instead of 2 bar. However, this disadvantage should be minor
given that the CO> must be compressed to such a high pressure (~150 bar) for storage [17]. It is
also worth noting that several recent amine solvents have improved upon the energy penalty for
MEA shown in Figure 10. For example, the KS-1 solvent by MHI [31] and the piperazine
solvent [32] both report a heat of reaction of 2.6 MJ/(kg CO>), which is substantially lower than
the 4.2 MJ/(kg CO») of the MEA in this study. Using this improved heat of reaction in Figure 10
would result in an energy penalty of 15.0% instead of 18.0%, which makes the state-of-the-art
solvent tower more difficult to compete with. However, the energy penalty of the fluidized bed
of Na,COs capsules in Figure 10 (14.7%) is still competitive with this 15.0% lower bound
benchmark, so encapsulated Na>xCOs is still a viable contender against advanced solvents in
terms of energy penalty.
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Figure 10: Size and energy comparison between five absorbers for a 500 MWe coal plant.
Heights and diameters are shown on the first row; energy penalties (W,_gg) are plotted on the 2"
row. The packed bed and fluidized bed absorbers filled with Na;COj3 capsules (1% and 3™
columns) are compared with similar absorbers filled with MEA capsules (2" and 4™ columns,
[18]) and with a benchmark MEA solvent tower (5" column, [17]). Bed diameters are labeled
above each graphic in the first row; energy penalties are expressed as a percentage of total plant
power above each bar in the 2" row. Each energy penalty bar is subdivided into the energy
losses associated with steam generation (I¥,,,), sensible heating of capsules (I4.,,,.), and desorption
reaction heat input (W, .. ).
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Figure 11: Modular packed bed absorber size for a 500 MWe system. This system consists of
240 identical tubes arranged vertically in three rows of tubes (right). Each tube has the following
dimensions (left): F=5.0m, R_ .= 1.2 m, and R, =0.6 m. Operating temperature is 60°C and

breakthrough time is 10 minutes. Manifold plates for routing flue gas into the core channels and
out of the modules are shown above and below the packed bed system (right).

3.3.2 Improved capsules

The modeled absorber sizes and energy penalties shown in Figure 10 were based on 480um —
diameter capsules filled with 17 wt% Na,COs solution occupying 2/3 of the total capsule
volume. These parameters were selected for the initial simulation because they represent the
capsules that were produced and tested experimentally. However, capsule design improvements




beyond these initial conditions could result in reduced absorber sizes and energy penalties.
There are three capsule design parameters, in particular, that could significantly reduce absorber
size and energy penalty: wt % of Na,COs, solvent volume fraction (v, _,.)» and capsule
diameter (d_). Fluidized bed absorber height and sensible energy penalty are plotted as a
function of these three input parameters in Figure 12 (d_ is swapped out for T_, _in the bottom
right plot because d_ has no impact on energy penalty). The capsule drawing on each plot marks
the starting point for current capsules (17 wt% NaxCOs, d_ = 480um, v, = 2/3). The plots

in the top row of Figure 12 demonstrate that absorber height can be substantially reduced by any
of the following improvements: 1) raising the concentration (wt %) of Na;COs in the core
solution, 2) making the capsule shell thinner to maximize Vv, _ ., or 3) making the capsules
smaller (reducing d_). Similarly, the plots in the bottom row of Figure 12 show that raising wt %
Na;COs and v_, . will reduce energy penalty. The bottom right plot confirms that higher
absorber temperatures minimize sensible heat penalty by reducing AT. The minimum at 55°C in
this plot occurs because the CO; capacity of 17 wt% Na,COs3 solution drops off in the 50-60°C
range. Together, the results in Figure 12 indicate that absorber size and energy penalty can be

reduced by producing smaller capsules filled with a larger volume fraction of higher
concentration NaxCOs3 solution.
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Figure 12: Fluidized bed absorber height (H, top row) and sensible heat penalty (W, _, bottom
row) for a 500 MWe coal plant. Height is plotted as a function of wt % Na,COs (top left),
solvent volume fraction (top middle) and capsule diameter (top right). Sensible heat penalty is
plotted as a function of wt % Na>COs (bottom left), solvent volume fraction (bottom middle),
and absorber temperature (bottom right). The capsule on each plot marks the operating point for
currently produced capsules (17 wt% NaxCOs, d_ = 480um, V, = 2/3). Diameter is D 230

solvent
m and all other parameters are listed in Table 3.
In order to estimate the size of a 500 MWe filled with improved capsules, the three key input
parameters are set to: 30 wt% Na>COs solution, d_= 300 pm, V. =0.9. These values seem

attainable based on previous capsule production and previous studies using 30 wt% Na>CO3
solution [33]. These three improvements together would reduce the PB bed diameter from 21.5
m to 15.3 m and the FB diameter from 30.1 m to 20.8 m, as shown in Figure 13. These diameter
reductions correspond to 33% less volume for the PB absorber and 52% less volume for the FB
absorber. Both of the improved absorbers are narrower than the benchmark MEA tower (shown
in far right column of Figure 13). These design improvements also result in a 67% reduction in
sensible heat penalty for both the packed and fluidized bed designs. This results in total energy
penalties of 17.5% and 11.8% for the packed and fluidized bed, respectively. These improved



energy penalties compare favorably to the 18.0% energy penalty of the benchmark MEA tower.
Together, the improved size and energy penalty results in Figure 13 demonstrate that near-term
capsule enhancements could result in absorbers that are smaller and less energy-intensive than
the state-of-the-art MEA absorption tower.
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Figure 13: Absorber sizes (top row) and energy penalties (bottom row) of beds filled with
currently-produced capsules (1% and 3™ columns) are compared with beds filled with improved
capsules (2" and 4™ columns). Sizes and energy penalties are compared with those of a
benchmark MEA solvent tower (5" column, [17]). d. =480 um, v,  =2/3,and wt %= 17
for current capsules; d_=300um, v, = 0.9, and wt 9= 30 for improved capsules. The
improved PB absorber is 15.0 m tall and filled with 360 tubes (F=5.0m, R_ = 1.4 m, R, =0.7
m) arranged in three layers. The improved FB absorber is 15.1 m tall, consists of 10 counter-

flow stages, and has a gas velocity of u,,.=1.7m st
3.4 Future Work

Based on the results in Figure 13, micro-encapsulated carbonate solution is a promising
alternative to MEA in terms of both size and energy penalty. Carbonate solution is also
abundant and affordable, which makes it a prime candidate for the massive scale of CO, removal
needed from fossil power plants. In order to quantify this cost advantage, a techno-economic
analysis (TEA) should be performed on this technology. This TEA would break down the
capital and operating costs of both the packed bed and fluidized bed systems at a power plant
scale. The results of this TEA would guide the decision between a packed bed or a fluidized bed
system for scale-up.

After performing the TEA, a pilot absorber and regenerator should be constructed for testing at
the National Carbon Capture Center (NCCC). The outer dimensions of these two vessels should
be similar to the model results in Figure 9, which are based on the operating conditions at



NCCC. The key challenge in this task will be producing a sufficient volume of capsules to fill
the vessel. Capsules can currently be produced at a rate of roughly 1 kg/day using microfluidic
chips at Lawrence Livermore National Laboratory. In order to scale up production, the lab will
likely need to turn to an industrial partner (e.g. Encapsys) that has the capability to produce
microcapsules at a large scale. The design of these outsourced capsules should be guided by the
results in Figure 12: thin shells, small diameters, and high carbonate concentration.

Once the pilot absorber is constructed, testing should be performed at NCCC to confirm that the
absorber can capture 90% of incoming CO>. Tests should be performed over the course of
1,000+ hours to measure the lifespan and degradation of the capsules when exposed to real coal
flue gas. Experiments at NCCC should also be performed on the regenerator to determine the
optimal CO; stripping temperature and steam flow-rate. A couple of heat exchanger
configurations should also be constructed and tested at NCCC to determine the optimal design
for heat integration. The pilot results collected at NCCC combined with the TEA will hopefully
confirm that micro-encapsulated carbonate solution is a cheaper, less energy-intensive alternative
to amines for carbon capture from coal power plants.

4. Conclusion

A model was developed for CO; absorption in capsules filled with sodium carbonate solution
and cyclen catalyst. This capsule model was fitted to experimental loading curves over a range
of temperatures and then validated against bench fluidized bed data. This capsule model was
then incorporated into absorber models for multi-stage fluidized beds and cylindrical packed
beds of capsules. These models were first optimized at the 1 MWe pilot scale, where it was
shown that lower fluidization velocities and higher temperatures resulted in more compact
absorbers. The model was then applied to a full-scale 500 MWe coal plant. These results
demonstrated that either a modular packed bed or a multi-stage fluidized bed would be similar in
size and lower in energy penalty than previously modeled amine capsule absorbers.
Furthermore, it was shown that reasonable improvements to the capsule geometry could result in
smaller and less energy-intensive absorbers than a state-of-the-art amine (MEA) solvent tower.
A techno-economic analysis should be performed on micro-encapsulated carbonate solution
alongside pilot-scale tests at the National Carbon Capture Center to confirm its viability for
power plant adoption.

Acknowledgements

This work was performed under the auspices of the U.S. Department of Energy by Lawrence
Livermore National Laboratory under Contract DE-AC52-07NA27344. Funding was provided
by the U.S. Department of Energy under Field Work Proposal FEW0194.

References

[1] Bhown AS, Freeman BC. Analysis and status of post-combustion carbon dioxide capture



[2]

[3]

[4]

[5]

[6]

[7]

[8]

[9]

[10]

[11]

[12]

technologies. Environ Sci Technol 2011;45:8624-32. doi:10.1021/es104291d.

Mumford KA, Wu Y, Smith KH, Stevens GW. Review of solvent based carbon-dioxide
capture technologies. Front Chem Sci Eng 2015;9:125-41. doi:10.1007/s11705-015-1514-
6.

Oexmann J, Kather A, Linnenber S, Liebenthal U. Post-combustion CO> capture:
chemical absorption processes in coal-fired steam power plants. Greenh Gases Sci
Technol 2012;2:9-19. doi:10.1002/ghg.1273.

Rochelle G, Chen E, Freeman S, Van Wagener D, Xu Q, Voice A. Aqueous piperazine as
the new standard for CO> capture technology. Chem Eng J 2011;171:725-33.
doi:10.1016/.cej.2011.02.011.

Shaw D. Cansolv CO; capture: The value of integration. Energy Procedia 2009;1:237—46.
doi:10.1016/j.egypro.2009.01.034.

Li K, Leigh W, Feron P, Yu H, Tade M. Systematic study of aqueous monoethanolamine
(MEA)-based CO; capture process: Techno-economic assessment of the MEA process and
its improvements. Appl Energy 2016;165:648-59. doi:10.1016/j.apenergy.2015.12.1009.

Knuutila H, Juliussen O, Svendsen HF. Kinetics of the reaction of carbon dioxide with
aqueous sodium and potassium carbonate solutions. Chem Eng Sci 2010;65:6077—88.
doi:10.1016/j.ces.2010.07.018.

Stolaroff JK, Ye CW, Oakdale JS, Baker SE, Smith WL, Nguyen DT, Spadaccini C,
Aines R. Microencapsulation of advanced solvents for carbon capture. Faraday Discuss
2016;192:271-81. doi:10.1039/C6FDO00049E.

Vericella JJ, Baker SE, Stolaroff JK, Duoss EB, Hardin JO, Lewicki J, Glogowski E,
Floyd W, Valdez C, Smith W, Satcher J, Bourcier W, Spadaccini C, Lewis J, Aines R.
Encapsulated liquid sorbents for carbon dioxide capture. Nat Commun 2015;6:1-7.
doi:10.1038/ncomms7124.

Floyd WC, Baker SE, Valdez CA, Stolaroff JK, Bearinger JP, Satcher JH, Aines RD.
Evaluation of a carbonic anhydrase mimic for industrial carbon capture. Environ Sci
Technol 2013;47:10049-55. doi:10.1021/es401336f.

Zhang S, Lu Y. Kinetic performance of CO; absorption into a potassium carbonate
solution promoted with the enzyme carbonic anhydrase: Comparison with a
monoethanolamine solution. Chem Eng J 2015;279:335-43.
doi:10.1016/j.cej.2015.05.034.

Miller DC, Syamlal M, Mebane DS, Storlie C, Bhattacharyya D, Sahinidis N V., Agarwal
D, Tong C, Zitney SE, Sarkar A, Sun X, Sundaresan S, Ryan E, Engel D, Dale C. Carbon
Capture Simulation Initiative: A Case Study in Multiscale Modeling and New Challenges.
Annu Rev Chem Biomol Eng 2014;5:301-23. doi:10.1146/annurev-chembioeng-060713-
040321.



[13]

[14]

[15]

[16]

[17]

[18]

[19]

[20]

[21]

[22]

[23]

[24]

[25]

Finn J, Galvin J. Modeling and simulation of CO; capture using semipermeable elastic
microcapsules. Int J Greenh Gas Control 2018;74:191-205.
doi:10.1016/].1jggc.2018.04.022.

Bhattacharyya D, Kotamreddy G, Hughes R, Carney J, Finn J, Wang C. Multiscale
Modeling and Simulation of Micro- Encapsulated Carbon Sorbent (MECS) Technology.
NETL CO; Capture Technol. Proj. Rev. Meet., Pittsburgh, PA: 2018.

Wang J, Huang L, Yang R, Zhang Z, Wu J, Gao Y, Wang Q, O’Hare D, Zhong, Z. Recent
advances in solid sorbents for CO> capture and new development trends. Energy Environ
Sci 2014;7:3478-518. doi:10.1039/C4EE01647E.

Pirngruber GD, Guillou F, Gomez A, Clausse M. A theoretical analysis of the energy
consumption of post-combustion CO> capture processes by temperature swing adsorption
using solid sorbents. Int J Greenh Gas Control 2013;14:74-83.
doi:10.1016/j.1jggc.2013.01.010.

Raksajati A, Ho MT, Wiley DE. Reducing the Cost of CO; Capture from Flue Gases
Using Aqueous Chemical Absorption. Ind Eng Chem Res 2013;52:16887-901.
doi:10.1021/ie402185h.

Raksajati A, Ho MT, Wiley DE. Techno-economic Evaluation of CO; Capture from Flue
Gases Using Encapsulated Solvent. Ind Eng Chem Res 2017;56:1604-20.
doi:10.1021/acs.iecr.6b04095.

Yeom CK, Lee SH, Lee JM. Study of Transport of Pure and Mixed CO»/N; Gases through
Polymeric Membranes. J Appl Phys 2000;78:179—-89. doi:10.1002/1097-
4628(20001003)78:1<179::AID-APP220>3.0.CO;2-Z.

ASHRAE. Drying and storing selected farm crops. ASHRAE Handb. Heating, Vent. Air-
Conditioning Appl., Atlanta, GA: 2007, p. 23.1-23.12.

Bharadwaj A, Archer DH, Rubin ES. Modeling the Performance of a Tubular Solid Oxide
Fuel Cell. J Fuel Cell Sci Technol 2005;2:38. doi:10.1115/1.1842781.

Kunii D, Levenspiel O. Fluidized Reactor Models. 1. For Bubbling Beds of Fine,
Intermediate, and Large Particles. 2. For the Lean Phase: Freeboard and Fast Fluidization.
Ind Eng Chem Res 1990;29:1226-34. doi:10.1021/ie00103a022.

Avidan AA, King DF, Knowlton TM, Pell M. Fluidization. Kirk-Othmer Encycl. Chem.
Technol., vol. 11, John Wiley & Sons, Inc.; 2005.

Joss L, Gazzani M, Mazzotti M. Rational design of temperature swing adsorption cycles
for post-combustion CO; capture. Chem Eng Sci 2017;158:381-94.
doi:10.1016/j.ces.2016.10.013.

Stolaroff JK, Bourcier WL. Thermodynamic assessment of microencapsulated sodium
carbonate slurry for carbon capture. Energy Procedia 2014;63:2331-5.
doi:10.1016/j.egypro.2014.11.253.



[26]

[27]

[28]

[29]

[30]

[31]

[32]

[33]

Oexmann J, Hensel C, Kather A, Linneber S, Liebenthal U. Post-combustion CO; Capture
from Coal-fired Power Plants: Preliminary Evaluation of an Integrated Chemical

Absorption Process with Piperazine-promoted Potassium Carbonate. Int J Greenh Gas
Control 2008:539—552. doi:10.1016/5.1jggc.2008.04.002.

Southern Company Services I. The National Carbon Capture Center at the Power Systems
Development Facility. Wilsonville, AL: 2014.

Fout T. Cost and Performance Baseline for Fossil Energy Plants. vol. 1. 2015.
doi:DOE/NETL-2015/1723.

Rochelle G, Chen E, Akinpelumi K, Selinger J, Gao T, Liu C-T, Wu Y, Fischer K, Farmer
K, Sexton A, Dombrowski K. Piperazine with Advanced Flash Stripper — NCCC Pilot
Plant Results. NETL CO» Capture Technol. Proj. Rev. Meet., Pittsburgh, PA: 2018.

Merkel TC, Lin H, Wei X, Baker R. Power plant post-combustion carbon dioxide capture:
An opportunity for membranes. J Memb Sci 2010;359:126-39.
doi:10.1016/j.memsci.2009.10.041.

Yagi Y, Mimura T, Yonekawa T, Yoshiyama R. Development and improvement of CO»
capture system. Greenh. Gas Control Technol., 2006.

Freeman SA, Dugas R, Van Wagener D, Nguyen T, Rochelle G. Carbon dioxide capture
with concentrated, aqueous piperazine. Int J Greenh Gas Control 2010;4:119-24.

Knuutila H, Hessen ET, Kim I, Haug-Warberg T, Svendsen HF. Vapor-liquid equilibrium
in the sodium carbonate-sodium bicarbonate-water-CO»-system. Chem Eng Sci
2010;65:2218-26. doi:10.1016/j.ces.2009.12.024.



