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EXECUTIVE SUMMARY

The purpose of this study was to identify the general principles governing the choice of

hybrid separation systems over straight membrane or straight nonmembrane systems and to do so

by examining practical applications (process design and economics). Our focus was to examine

the energy consumption characteristics and overall cost factors of the membrane and nonmembrane

technologies that cause hybrid systems to be preferred over nonhybrid systems. From this basis,

we have recommended to DOE areas for further research that, if explored, would enhance the

likelihood of commercially realizing the energy savings that are possible with hybrid membrane

systems.

We evaluated four case studies, chosen on the basis of likelihood of commercial viability of

a hybrid system and magnitude of energy savings: (1) propane/propylene separation; (2) removal

of nitrogen from natural gas; (3) concentration of Kraft black liquor; and (4) solvent deasphalting.

For propane/propylene splitting, the membrane proved to be superior to distillation in both thermt>

dynamic efficieocy and processing cost (PC) when the product was 95% pure propylene. !low-

ever, to produce higher purity products, the membrane alone could not perform the separation, and

a membrane/distllafion hybrid was required. In these cases, there is an optimum amount of sepa-

ration to be,accomplished by the membrane (expressed as the fraction of the total availability

change of the membrane/distillation hybrid that takes piace in the membrane and defined as _m, the

thermodynamic extent of separation).

For nitrogen-methane separation, we considered membranes and pressure swing adsorp-

tion (PSA). We found that membrane technology alone gave the best economic performance for

many conditions of interest. Because the feed gas is at px'essure, only a single-membrane stage

was needed for the base case (N2/CH4 selectivity = 5). For high nitrogen contents (> 40% N2) or

low feed pressures (< 600 psia), a hybrid system had the best economic performance.

In our study of Kraft black liquor (KBL), we compared concentration by reverse osmosis

(RO) with concentration by freeze drying and/or evaporation. Evaporation alone was the process

of choice because of its low capital cost and economical energy source. Its energy consumption

was, however, the highest of any of the three technologies or of any hybrid. A hybrid of RO with

evaporation would be the least expensive process if membrane costs could be reduced below $1/ft 2

of if steam costs exceeded $5 per million Btu.
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In the fourth, we examined evaporation (EV) and ultrafiltration (UF) as a means for

removing solvent from light oils in a solvent deasphalting process. We found that the least costly

system is a hybrid UF/EV system wherein 35% of the separation work is done in the UF portion

of the process. Energy recovery schemes are possible for the evaporation system that would make

it more efficient and shift the optimum amount of separative work to be done by the membrane.

From these four case studies and intuitive reasoning, we developed qualitative and quantita-

tive guidelines that answer the question "Is there a good chance that a hybrid process would be the

process of choice at practical operating conditions?" Of these guidelines (Table ES- 1), perhaps the

most surprising, yet simple, result is given as quantitative guideline number (1). It is unlikely that

the membrane hybrid would be preferred over either the membrane or nonmembrane technology

alone unless the membrane (accomplishing the entire separation by itself) would use one-third or

less of the energy used by the nonmembrane technology (accomplishing the entire separation by

itself).

By looking for large-energy-consuming processes that are likely to be served by membrane

hybrid systems, we identified 10 systems worth further studies (Table ES-2). The olefin applica-

tions topping this list are well known to be difficult separations and large energy consumers.

Commercialization of a hybrid technology for propylene/propane or ethylene/ethane separation

would result in measurable national energy savings.

iv



Table ES-1
GUIDELINES FOR ASSESSING

LIKELIHOOD OF SUCCESS OF HYBRID SYSTEMS

Qualitative Guidelines

(1) A hybridis likelyto be successfulwhenthere are drivingforcelimitationsinone or both
membrane/nonmembrane technologies.

(2) A hybridis likelyto be successfulwhen there is a point-wisevariationinthe separationfactor(e.g.,
relative volatility, distribution coefficient, membrane selectivity).

(3) A hybrid is likely to be successful when a reversal of the minor component is possible and the two
technologies act on different components.

(4) A hybrid is likely to be successful when the membrane fails to produce the required product purity on
its own but has some of the following advantages:

(a) The membrane better utilizes energy contained in the feed.

(b) The rnembrane transfers less material.

(c) The membrane accomplishes its portion of the separation in a single stage.

(d) The membrane avoids a phase change associated with the nonmembrane technology.

(e) The traditional technology does not involve energy recovery schemes.

(f) The membrane reduces the total residence time of the process.

(g) The membrane allows process streams to exist as liquids.

(h) The membrane decreases capital investment needed to supply the driving force for the
separation process.

(_ The membrane reduces the size of downstream equipment.

(5) A hybrid is not likely'to be successful when the membrane does not make the desired final purity in at
least one of its outlet streams.

Quantitative Guidelines

(1) A hybrid is favored when

Asep(memb) < 1/3*Asep(nonmemb)and CCsep(memb) > CCsep(nonmemb).

(2) A hybrid is favored when

G>I.



Table ES-2
SYSTEMS RECOMMENDED FOR EXPERIMENTAL STUDY

Potential Energy Saving
System (1012 Btu/vr)

1) Propane/propyleneseparation 13

2) Ethane/ethyleneseparation 6

3) Sour,water stripping 6

4) Inorganicacid dehydration 5

5) Naturalgas dehydration 10 - 20

6) Deasphalting of oil 10

7) Acetic acid dehydration 3

8) Ammonia manufacturing 2

9) Methyl tertiary-butyl ether manufacture 1 - 2

10) Urea manufacture 1 -2
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CHAPTER I

INTRODUCTION AND OBJECTIVES

The development and commercialization of membrane separation technologies have given

process design engineers a significant new tool for performing traditional and novel separations.

However, the growing consensus is that membrane unit operations are often more economical

when used in conjunction with conventional separation processes. These hybrid processes can be

more effective than membranes alone for many reasons, including (1) membranes alone have a dif-

ficult time achieving high purity products, (2) membranes are very sensitive to phase changes that

may occur as a separation is performed (e.g., as in the precipitation of salts in reverse osmosis),

and (3) most membranes function in only a limited temperature range (25° to 150°C).

The purpose of this study was to identify the general principles governing the choice of

hybrid systems over straight membrane or straight nonmembrane systems and to do so by exam-

ining practical applications (process design and economics). Our focus was to examine the energy

consumption and overall costs of the membrane and nonmembrane technologies that cause hybrid

systems to be preferred over nonhybrid systems. From this basis, we have recommended to DOE

areas for further research that, if explored, would enhance the likelihood of commercially realizing

the energy savings that are possible with hybrid membrane systems.

The project consisted of three parts: (1) identification and evaluation of case studies;

(2) identification of general rules governing design and selection of hybrid membrane separation

systems; and (3) identification of systems for experimental investigation. In the first part, four

case studies were examined representing processes that have a high potential for energy savings if

implemented commercially. We believe this approach is more useful than exploring abstract gen-

eral principles about process design. For each case study, we performed economic and thermody-

namic evaluations comparing the membrane alone, the nonmembrane alone, and one or more

hybrid systems. These results not only indicated whether each of the case studies is worthy of

further investigation by the DOE but also provided us with the experience and examples needed to

complete the remaining parts of the project.

The second part of the project entailed using the thermodynamic and economic information

obtained from the case studies to develop general rules that can be used to indicate whether a

hybrid is likely to have superior performance than membrane or nonmembrane technologies 'alone
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for a given application. These rules can be used by design engineers in deciding which hybrid

technologies are worthy of detailed evaluation for a particular separation problem. These rules

were used in the third part of the project to identify applications where hybrids are likely to have

better economic performance than stand-alone technologies and are likely to save a significant

amount of energy over technologies currently used. A number of applications were evaluated,

resulting in the reconamendation to DOE of 10 specific hybrid systems for experimental research.
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CHAPTER II

SELECTION OF CASE STUDIES

Membrane hybrid processes could be used to perform separations in a great many applica-

tions. In choosing the four applications to be used as case studies, we had three concerns in mind.

First, the hybrid process must have a reasonable ch_ce of being accepted by industry. Second,

the hybrid must save a significant amount of energy over current te(:hnologies. Third, the case

studies must provide us with the information needed to complete ",.heremaining parts of tile project

(identification of governing rules and recommendation of experimental projects).

INDUS'i'RIAL APPLICATIONS

In 1981, the total fuel and electricity purchased in the United States for industrial use was
J

over 11,500 trillion Btu. This total is broken down by industry in Table II-1. Although 20 differ-

ent industries are listed, 80% of the total fuel and electricity are purchased by six industries: food,

pulp and paper, chemicals, petroleum refining, stone/clay/glass, and primary metals. All these

major energy-consuming industries employ some separation processes, and we attempted to

choose case studies from a variety of these industries.

Many technologies are used for separating mixtures of solids, liquids, and gases, as well as

mixtures comprised of only one phase. The major separation technologies include distillation,

absorption/stripping, adsorption, ion exchange, extraction, precipitation and crystallization, filtra-

tion, andmembranes. The most expensive and energy-intensive separations are usually those

where only one phase is present. The single phase is usually split into two phases (having differ-

ent compositions) which can then be separated by gravity or filtration. The heat required for the

phase change is often large (e.g., 1000 Btu are needed to vaporize one pound of water) and can

never be completely recovered.

In general, membrane processes cannot produce very high purity products; however, mem-

branes do not requirea phase change (except in pervaporation) and can perform bulk separation

economically. Thus, combining membranes with a technology having less favorable economics

(but one that can produce high purity products) should result in an overall process having high
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Table I1-1
TOTAL PURCHASED FUELS AND ELECTRICITY IN 1981"

(trillion Btu)

Standard
Industrial Energy

Code Descriotlon

20 Food 913
21 Tobacco 23
22 Textilemills 292
23 Apparel 61
24 Lumber 185
25 Furniture 46
26 Pulpandpaper 1,262
27 Printing/publishing 92
28 Chemicals 2,630
29 Petroleumrefining 1,137
30 Rubber 223
31 Leather 18
32 Stone/clay/glass 1,078
33 Primarymetals 2,241
34 Fabricatedmetalproducts 352
35 Machinery 325
36 Electric/electronics 235
37 Transportationequipment 329
38 Instruments 78
39 Miscellaneous manufacturing industries 43

TOTAL 11,564

* U.S Department of Commerce, 1982 Census of Manufacturers.

product purities and favorable economics. Distillation, adsorption, absorption/stripping, extrac-

tion, and crystallization are technologies that can produce high purity products on their own, but

might benefit economically by using membranes as an initial, bulk purification step.

CASE STUDY SELECTION CRITERIA

To help us quantify our recon_mendations for the four case studies, we graded each

potential hybrid application on the basis of four criteria.
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I. Will hybrid systems result in significant energy savings on a national
scale?

For each application, we have obtained an estimate of the yearly U.S. energy use. Scores
were assigned according to the following:

Yearly Energy Use
ftrillLon Btu/_vr)

/
' <1 1

1-10 2
11 -20 3
21 -49 4

>50 5

II. Is this a novel application of a hybrid system?

Although the main goal of this proje,'t was to determine the conditions where hybrid sys-
terns are most applicable, we believeci this project would have increased value if our hybrid
system evaluetions were based on applications not previously studied. Scores for this
criterion were given according to the following:

State of Technolo_;ies for this Application

Hybrid system currently used in industry 1

Both conventional and membrane technologies are used 2
individually in industry

Either conventional or membrane technologies are used in industry 3

Hybrid system or membrane technology has been studied on paper 4
or in laboratory

Neither hybrid system or membrane technology have been studied 5

III. Are process data known and available?

We based our evaluations on real processes. Therefore, it was necessary that physical
properties (such as membrane permeability and selectivity, capacities of absorbents and
adsorbents, and relative volatilities) inherent to the hybrid system be available. Scores
were assigned as follows'
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Availabilit), of Pro_ess Data for the Application ..

Not known or estimable 1

Not known, but reasonable estimates are possible 2

Only conventional technology dataare known 3

Only membrane technology data areknown 4

Both conventional and membrane technology data are known 5

IV. What is the likelihood of commercial acceptance of the hybrid system?

We based the grading system for this criterion on two factors: industry's desire for a new
technology andwhether the separation application has any characteristics that favor mem-
brane technology. Examples of favorable characteristics include availability of high-pres-
sure feed, a relative volatility close to 1.0 (m_es distillation difficult), and mild product
purity requirements (Roberts, 1986). Scores were assigned as follows:

Process Desirabil!t_, Score

No desire for new technology/no favorable characteristics 1

No desire for new technology/one or two favorable characteristics 2

Industry desires new technology/no favorable characteristics 3

Industry desires new technology/one or two favorable 4
characteristics

Industry actively seeking new technology/greater than two 5
favorable characteristics

Each possible application was graded in the four criteria on a scale from 1 (worst) to 5 (best).

i, Criteria I and IV were felt to be of primary importance and were given a weighting factor of 2. This

grading system was used to rank the applications and determine which applications were the best

case studies.

CASE STUDY CANDIDATES
!

We chose 11 separation applications for review as possible case studies (Table II-2).

These 11 applications were from a variety of industries and include a number of separation tech-

nologies. The following sections give a brief description of each of the 11 candidates.
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Table 11-2
CASE STUDY CANDIDATES

Conventional
No. Candidate Membrane Technoloav Te¢hnoloov

1. RemovalofN2fromnaturalgas Gasseparationmembranes Pressureswing
adsorption

2. Removalof 002 fromnaturalgas or Gas separationmembranes Amine scrubbing
h/drogen

3. Removalof soIventvaporsfromair Gas separationmembranes Carbonadsorption

4. Airseparationfor productionof 02 andN2 Gas separationmembranes Cryogenicdistillation

5. Separationof propane/propylenemixtures Pervaporation Distillation

6. Separationof xyleneisomers Pervaporation Distillation

7. Dehydrationof ethanol Pervaporation Distillation

8. Concentrationof kraftblackliquor Reverseosmosis Freeze concentration
p

9. Concentrationof thinsugarbeet juice Reverseosmosis Evaporation

10. Refining of edible oils Ultrafiltration Steam stripping ,.

11. Solvent recovery in deasphalting Ultrafiltration Flash expansion

Removal of N2 from Natural Gas

Removal of N2 from natural gas is currently or potentially important in three industrial

applications. The f'u'st application is in enhanced oil recovery (EOR) where N2 is injected into oil

reservoirs to increase the recovery of oil. Along with the oil, some natural gas is recovered. This

gas contains N2 impurities (from EOR injection) that must be separated for two reasons: (1) the

natural gas can be sold only if the N2 level is below 3% (pipeline standard) and (2) the N2 can then

be reinjected, saving the expense of purchasing fresh N2.

The second application is the purification of natural gas from reservoirs that naturally con-

tain N2 impurities at levels above pipeline standard. If the N2 cannot be economically removed,

the reservoir is abandoned; if an economical separation technology were available, the quantity of

useful gas contained in U.S. reservoirs could besignificantly i_creased.
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The final application is the purification of natural gas removed from a storage reservoir in

which a portion of the base gas has been replaced by N2. The base gas is the quantity of gas con-

mined in the storage reservoir needed to maintain the reserv-ir pressure above a minimum working

value. The base gas is not part of the storage capacity and represents a large capital investment. To

reduce this investment, the gas industry itsconsidering replacing a portion of the base gas with N2

which is less expensive than the natura ! gas currently used for the base gas. Although it is hoped

that, with proper reservoir management, the mixing of natural gas and nitrogen can be held to insig-

nificant levels, there must be separation technologies available in the event that mixing does occur.

The current technology for separating N2 from natural gas is economically feasible only for

the EOR application where the separated N2, a_ well as the purified natural gas, is of value. We

have estimated the current U.S. energy use for N2/natural gas ,_paration in EOR applications to be

approximately 0.15 trillion Btu/yr; this quantity, however, may increase tenfold over the next

2C years if predicted increases in EOR use are realized (National Petroleum Council, 1984). If

technologies are developed that make the natural gas purification and storage reservoir applications

economically feasible, the energy requirements for these applications could easily match those of

the EOR application.

The current technology for separation of N2 and natural gas is cryogenic distillation; how-

ever, pressure swing adsorption (PSA) is emerging as a commercial technology. We believe a

hybrid system utilizing membranes for the initial separation, followed by PSA, has potential for

reducing the energy requirements of this separation.

Currently, there is significant interest in developing membranes, as well as PSA technol-

ogy, for this application; thus, a reasonable amount of process data should be available for our

analysis. Membrane/PSA hybrids are not a new idea; however, there is little information about

their use for this application. Both membrane and PSA systems are currently used in the natural

gas industry, and we believe an economical hybrid system would be quickly accepted.

Removal of CO2 from Natural Gas or H2

Many natural gas reservoirs contain CO2 impurities at levels that limit the use of the gas.

The CO2 dilutes the natural gas, lowering its heating value, and can cause severe corrosion prob-

lems in pipelines and related equipment. To bring the gas up to pipeline standards, the CO2 must

be removed to less than 100 parts per million (ppm).
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A related application is removal of CO2 produced during H2 synthesis by steam reforming

of methane. Most H2 is produced for use in petroleum refining, ammonia production, or methanol

production. With the exception of methanol production, the C02 must be reduced to low levels
before use.

, _,

In the United States, only a small fraction (-2%) of the total produced natural gas contains

a high enough CO2 content that a hybrid system might be used (>10% CO2). We have estimated

the energy required to remove this CO2 to be between 5 and 19 trillion Btu/yr; the energy use in H2

purification is about the same.

The current separation technologies for these applications are absorption/stripping process-

es such as Selexol @,diethanolamine, and hot potassium carbonate. Pressure swing adsorption,

however, has a significant share of' the H2 purification market and membranes have a small portion

of the natural gas purification market. Combining membraves and an amine scrubbing system

(diethanolamine) could result in significant energy savings by reducing the steam required for

amine regeneration.

Because both membranes and amine scrubbing systems are currently in use for these appli-

cations, substantial process data are available, and a number of studies of hybrid systems have

been reported; hence, an economical hybrid system would likely find acceptance.

Removal of Solvent Vapors from Air

Increased regulation governing the emission of solvent vapors to the atmosphere has

caused much interest in technologies for solvent vapor removal and, if possible, recovery. Vapor

emissions come from a variety of industrial sources ranging in size from small dry cleaning opera-

tions to large printing operations. Other sources include stored petroleum liquids, coating opera-

tions (i.e., pressure-sensitive adhesives), and painting operations.

In 1975, over 30 million tons of solvent vapor were released into the atmosphere (Baker et

al., 1987). lt is difficult to estimate what fiaction of these vapors is now being treated; however, if

only 5% of the total vapor emitted in 1975 is now recovered, we estimate 10 trillion Btu in process

, energy would be required to recover the solvent. The main technology used for solvent removal is

ads_:¢ption by activated carbon. As with most membrane applications, membranes have trouble with

removing the solvent vapor to very low levels. A membrane/carbon adsorption hybrid system, how-

ever, would remove the solvent vapor to adequate levels and could reduce energy use over carbon

adsorption alone. Currently, there is active research in the area of membrane technology for solvent
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vapor recovery and commercial membrane systems are available. There have also been several

studies of hybrid systems; thus, process data are available for use io evaluations. The fact that com-

mercial membrane systems are now being offered suggests that a hybrid technology would be readily

accepted if it were economically attractive.

Air Separation for Production of 02 and N2

Many industries require pure oxygen (for combustion or reaction processes) or nitrogen (for

refrigeration or inerting). The energy required for this separation was 10 trillion Btu/yr in 1981 in

the United States (Bravo et al., 1984). Currently, cryogenic distillation is the major technology,

with small amounts of nitrogen being produced by membranes and PSA.

Air separation is oneof the largest areas of membrane research at present, and a great deal of

process data is available. However, studies of membrane/cr3'ogenic hybrids have not shown favor.-

able economics. Because many of the industrial laboratories performing this research are involved in

the sale of air gases, we believe a hybrid system would be quickly implemented if membrane im-

provements resulted in an economically feasible system.

Separation of Propane/Propylene Mixtures

Propylene and ethylene are produced in greater quantities than any other organic chemicals in

the United States; their main use is in the production of plastics. The purification of olefins (such as

in propane/propylene, C3, and ethane/ethylene, C2, separations) is currently performed by distilla-

tion. The relative volatilities, however, are very low (<1.5), making the distillation difficult and

expensive. Columns are typically 200-to 300-ft tall and can contain over 100 trays; the reflux ratios

are large, requiring a high energy input. Olefin purifications are the largest user of energy for distil-

lation in the chemical industry, using 50 trillion Btu/yr (13arronet al., 1987).

We have chosen to examine propane/propylene separation because the C2 distillation is con-

ducted at subambient temperatures. To achieve these temperatures, a complex integrated rc.frigera-

tion system is used; the integrated nature makes the energy analysis more difficult and less obvious

than with the C3 applications. For this application, we envision using a pervaporation membrane

initially, followed by distillation to complete the separation. Such hybrid systems have been evalu-

ated primarily for azeotropic distillations; their use for difficult but nonazeotropic distillations has not

been studied to the same extent. Some data on membrane separation of olefins are available, but not

as much as for other applications, such as air separation or ethanol dehydration. Membrane hybrids
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have a good chance of having favorable economics compared with straight distillation; however,

the large amount of capital already invested in distillation equipment may make plant expansion a

more likely application than a complete retrofit.

Separation of Xylene Isomers

Benzene, toluene, and xylene (BTX) are primary petrochemicals used in manufacturing a

wide range of products. Separation of these components is done primarily by distillation and is

one of the largest users of energy in the chemical industry (24 trillion Btu/yr; Bah'on et al., 1987).

Since an individual distillation column is generally us,_d to remove only one component, several

distillation columns are required. The separation of xylene isomers, however, is not effectively

performed by distillation, and freeze crystallization or adsorption processes are used. For the sepa-

ration of xylene isomers, a hybrid system consisting of pervaporation followed by freeze crystal-

lization might result in reduced energy consumption. Approximately 7 trillion Btu/yr are used for

xylene isomer sep'aa'ation.

Some studies of membx"aneperfomlance have been reported, providing process data for our

evaluations. The use of membrane/freeze crystallization hybrids has received little attention in gen-

eral, and none for this application. This hybrid system is a departure from the traditional technol-

ogy for this separation application, and industry might be reluctant to accept it.

Ethanol Dehydration

- Ethanol is a common chemical used as a solvent, as a raw material, and for fuel (gasohol).

Two primary grades of ethanol are produced in the i.3illtedStates: technical grade (95% vol) and

anhydrous. Ethanol used for fuel and some used as a raw material or solvent is anhydrous, and

the remainder (approximately 25% of the total 800 million gallons of ethanol produced m the Unit-

ed States during 1984) is technical grade, lt is predicted that the use of ethanol for fuel (~600 mil-

lion gallons in 1984.)will fall sharply to less than I(X)million gallons by 1995 due to the changing

economic and regulatory atmosphere surrounding transportation fuels. In 1984, approximately

15 trillion Btu were used in the production of anhydrous ethanol; this figure may drop to less than

2 trillion Btu by 1995 (SRI International, 1985).

Commercial dehydration of ethanol is done by distillation. However, an azeotrope forms at

95% (vol) ethanol, requiring use of an entrainer (such as benzene) to make higher ethanol purities.

Azeotropic distillation normally requires the use of a second distillation column to separate the
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ethanol from the entrainer, resulting in increased capital and operating costs. Only anhydrous

ethanol requires azeotropic distillation; technical grade ethanol can be produced by conventional

single-column distillation.

Pervaporation of ethanol/water mixtures has been the subject of consid¢_rable research,

including studies of distillation/pervaporation hybrids. Currently, there are a number of commer-

cial hybrid plants for production of 99% ethanol. These plants use distillation to reach 70%

ethanol and then use pervaporation to get to 99% ethanol.

Kraft Black Liquor (KBL) Concentration

The pulp and paper industry is third among ali industries for energy consumption, using

1260 trillion Btu in 1981. Of this total, we estimate 160 trillion Btu are used for the concentration

of KBL, a waste from the pulping process. The concentrat_ liquor is burned for its fuel and to

recover inorganic chemicals that _u'ereused. Currently, multieffect evaporation is used to concen-

trate KBL; however, several studies have shown that freeze concentration may be practical.

A hybrid system consisting of reverse osmosis (RO) membranes to initially concentrate

KBL followed by freeze concentration (FC) to remove the final quantity of water could reduce

energy requirements by reducing the amount of water that must be frozen. There is research activ-

ity in using Rtg/FC hybrids to clean up other pulp and paper waste streams, and some research has

been done on KBL concentration by RO. Ultrafiltration (UF) membranes have also been used to

treat KBL, but only to remove certain high viscosity components, not to concentrate the KBL.

Concentration of Thin Beet Juice

Sugar is produced from beets by extracting the sugar with water, followed by clarification

with milk of lime. The resulting liquid contains 10 to 12% sucrose and is called thin beet juice

(TBJ). The TBJ is concentrated to about 60% sugar by multiple-effect evaporation (MEE), puri-

fied by carbon adsorption, and then crystalized in vacuum pans. In 1985, 25 trillion Btu were

used in evaporation of TBJ in the United States (Mohr et al., 1988).

In piace of using MEE to concentrate the TBJ, a hybrid system using RO for the initial con-

centration followed by MEE to concentrate the juice to 60% could be used. Several studies of this

hybrid system have been reported, and one European sugar beet factory is claiming a 65% net

energy saving for the factory by using RO to concentrate the TBJ to 18% sugar.
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The use of sugar has been declining in the United States (between 1980 and 1986, total

sugar production dropped by over 15%); thus, it is unlikely that new plants will be built soon.

Because of this decline, we expect only a moderate chance of commercial accept,'mce of the hyb.,-id

system, despite any demonstrated economic advantages.

Refining of Edible Oils

Edible oils are produced from crude edible oils by several steps: degumming, refining, and

bleaching. In degumming, the oil is heated and treated with water to precipitate phosphatides. The

refining step can be by chemical means ('alkali is used to convert free fatty acids, FFA, to water-

soluble soaps which ,are separated by centrifugation) or physical means (steam stripping is used to

remove FFA). Bleaching removes pigments, decomposes peroxides, and removes the remaining

traces of water-soluble soaps.

Currently, most refining is done chemically because some oils contain cornpor_ents not

successfully removed by physical refining. Chemical refining is more energy intensive than phys-

ica', refining, and methods are sought to allow more widespread use of physical refining. Using
?'

UF in the degumming step has been shown to remove the problem components. Thus, a hybrid

process of UF followed by physical refining (steam stripping) could result in significant reductions

in the 60 trillion Btu used each year in conventional chemical refining (Mohr et al., 1988).

Solvent Recovery in Deasphalting

In crude oil ret'ming, the vacuum still bottoms (reduced crude) is often further fractionated

into an asphalt fraction and a deasphalted oil (DAO) fraction by a process known as solvent deas-

phalting. The U.S. solvent deasphalting capacity in 1985 was 283,000 barrels of reduced crude

per day. We estimate the total energy used in solvent deasphalting to be 50 trillion Btu/yr.

In solvent deasphalting, the lower molecular weight oils are separated from the asphalt

components by dissolution into a solvent (such as propane). Solvent is recovered from the sol-

vent/oil mixture by evaporation; steam stripping is used to remove any remaining solvent from the

DAO. Ultrafiltration membranes are capable of separating mixtures of solvents and DAO (Kul-

kami et al., 1985) and could preceed evaporators in a hybrid separation process.

Although laboratory studies have given promising results toward membrane use in this

application, the current low value of energy is hindering industrial interest in residual oil recovery

operations such as solvent deasphalting. However, as energy prices increase, industrial interest
should also increase.
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CONCLUSIONS

Table II-3 shows that propane/propylene (28 points) and N2/natural gas (23 points) appli-

cations received the highest total scores and, therefore, were chosen for the case studies. Four

applications (CO2/naturaI gas, KBL conc,-,ntration, N2/O2 separation, and solvent deasphalting)

tied for the next highest score with 21 points each. We chose KBL concentration and solvent

deasphalting as the two remaining case studies. KBL concentration was chosen because, of the

top five applications, it is the only one that uses RO technology, and we wished to use as many

membrane technologies as possible. Solvent deasphalting was our final choice, ensuring that all

four different types of membrane technology were included in the case studies. By covering a

range of conventional and membrane technologies, we were able to increase our abi_ity to identify

the general principles involved in the choice of hybrid systems versus individual technologies.



Table 11-3
EVALUATION OF CANDIDATE APPLICATIONS
FOR USE AS HYBRID SYSTEM CASE STUDIES

Hybrid System TeChnoloales _ _:rltQrle ScQrQ*
Separation
ADpllcatlon Membrane Conventionel _Jl I__L Ill I___V_.vTotal

Propane/propylenet Pervaporation Distillation 5 5 3 5 28

N2/natural gas'l Gas separat_. Pressure swing 2 4 5 5 23
adsorption

KBL concentration't Reverse osmosis Freeze 5 4 3 2 21
concentration

Solvent Ultrafiltration Flash expansion 4 4 5 2 21
deasphalting1"

.' CO2/natural gas or Gas separation Amine scrubbing 3 2 5 4 21
H2

N2/O2 Gas separation Cryogenic 3 2 5 4 21
distillation

Beet juice Reverse osmosis Evaporation 4 3 5 2 20
concentration

Refining of edible Ultrafiltration Steam stripping 5 3 3 2 20
oils

Xylene isomers Pervaporation Freeze 2 5 3 4 20
concentration

Ethanol dehydration Pervaporation Distillation 3 1 5 2 '16

Solvent vapor/air Gas separation Carbon adsorption 2 2 5 2 15

* Criterion I (significant energy savings) and Criterion IV (likelihood of commercial acceptance) were given
a weighting factor of 2 over Criterion II (novelty) and Criterion III (availabilityof process data).

1 Applications selected for use in case studies.
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CHAPTER III

EVALUATION PROCEDURES

Evaluation of each case study included simulation of the membrane and nonmembrane tech-
r 't

nologies and of the hybrids determined to have the greatest potentiN for successful performance.

Then, the economic and thermodynamic results were compared to determine whether a hybrid system

resulted in better overall perform'ance (economic evaluations) and whether any hybrid system has

potential for reducing energy consumption (thermodynamic evaluations). A simulation entails calcu-

lation of steady-state mass and energy balances of all streams and unit operations included in the sepa-

rations system and sizing of process equipment and utility requirements. Thermodynamic evalua-

tions were conducted by reducing the thermodynamic results (from mass and energy balances) into a

form concise enough to be understood easily (i.e., several parameters to be defined later). Similarly,
t

the economic results were reduced to several parameters that allow easy comparison of the different

separation systems.

IDENTIFICATION AND SELECTION OF CANDIDATE HYBRID SYSTEMS

Once the membrane and nonmembrane technologies to be considered were chosen, it was

necessary to determine the hybrid configurations that result from combining the two stand-alone

technologies. The most likely of these configurations were then chosen as the hybrid systems to

be included in the evaluation. Although the number of hybrid configurations that can result from

any two technologies is large, only a few make sense; the others are obviously too complicated or

outlandish. After this selection process, only one or two hybrid configurations were included in

each case study.

PROCESS SIMULATION

The first step in simulating a separation system is to develop a detailed flowsheet for the

system to include any auxiliary equipment not included in determining the hybrid and nonhybrid

system configurations. Next, models must be developed to predict the performance of any unit

operation (membrane and nonmembrane) included in the separation system. These models can be

based on empirical curves obtained from literature and vendor quotes, or they may be based on

physical and chemical fundamentals.

III-1



These models were then incorporated in a commercial process simulator (ASPEN/SP;

Simulation Sciences, Denver, CO) which performed the actual mass and energy balances. The

simulator determined thermodynamic and transport properties of the species included in the

simulation and incorporated many unit operation models used in the simulations. Using the

process simulator allowed generation and management of many different results and allowed

sensitivity analyses on feed and process variables to be performed quickly.

THERMODYNAMIC EVALUATION

To simplify _helarge amount of data generated in each simulation, we reduced the thermo-

dynamic data to give four results: process stream availability change (Aproc), utility :,tream availa-

bility consumed (Autil), thermodynamic extent of separation (_), and the thermodynamic efficiency

(EFF). These parameters are defined in the following paragraphs.

There are many thermodynamic quantities that could be used as the basis for the evalua-

tions; however, the availability (or exergy) is the quantity that we expect to provide the most

insight into the conditions that lead to advantages in using a hybrid separation system over a

nonhybrid system. The definition of availabilty is the free energy referenced to the temperature of

the ultimate heat sink (usually the ambient environment temperature):

A = H- ToS (III- 1)

where A is the availability (Btu]lb), H is the enthalpy (Btu]lb), To is the temperature of the ultimate

heat sink (°R), and S is the entropy (Btu/lbl°R). A complete discussion of availability is beyond the

scope of this report but can be found in most thermodynamic texts (e.g., Gaggioli, 1980).

We have defined Aproc to be the change in availability of the process streams entering and

exiting the separation system, or specified section of L..; separation system, at a reference tem-

perature and pressure. By process streams, we mean feed and purified product streams, not utility

and thermal flows. Thus, Aproc is the availability change required to separate a mixed feed stream

into two or more purified outlet streams, exclusive of any change in temperature or pressure that

occurs as a result of the specific separation process. The concept of a reference temperature and

pressure was necessary for the definition of Aproc so that meaningful comparisons could be made;

between processes that resulted in outlet streams with different temperatures and pressures. Thus,

Aproc is giv_, by
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Aproc = y_[A* (i)] - Z lA' (j)]

products feeds (III-2)

where A*(i)and A* (j) are the availabilities of product and feed process streams at a reference tem-

perature and pressure, usually equal to the feed temperature and pressure. The sum of the availabil-

ities of two relatively pure streams is always greater than the availability of a single stream resulting

from mixing the two pure streams (availability, unlike enthalpy, is not conserved) and, therefore,

Aproc is always positive.

The availability consumed between the utility stream inlets and outlets, Autil, is given by

Auti, = Z [A* (i)] - £ [A* (j)]

inlets outlets (III- 3)

where A*(i) and A* (j) are the availabilities of inlet and outlet utility streams at their actual temper-

, atures and pressures. Utility streams are generally the source of energy required to separate the

feed and, thus, Autil is always greater than or equal to zero.

In a hybrid system, the membrane may perform most of the separation, or by a change in

the operating conditions, the membrane may perform a minor part of a separation. An intuitive and

fundamental way to quantify the "amount" of the separation performed by each technology is the

fraction of the total process availability change that occurs in one process section. This quantity is

defined to be _ and is given by

(_i= Aproc(section i)
Aproc(total) (III-4)

where i refers to a specified section of the process (e.g., the membrane section or distillation

section). Technically, ¢i is the fraction of the total separative work performed by section i. Values

fbr _i of 0.0 and 1.0 imply that all the work is performed by one technology (in other words, the

system is not a hybrid system), and fractional values imply the separation is performed by more than

one technology (a hybrid system).

One other useful parameter is the thermodynamic efficiency, EFF, defined as

EFF - Aproc
Autil (III-5)

III-3



This quantity can be applied to the entire separation system or to a specific section. We reported

our results in Case Study 1 with the EFF parameter. In Case Studies 2, 3. and 4, it was more

meaningful to report Autil instead of EFF since Aproc may differ if two systems do not result in

identical outlet stream compositions.

Aside from these availability measures, steam and electricity consumption are reported in

terms of enthalpy and thermal energy equivalent*.

ECONOMIC EVALUATION

To evaluate the economic perfomaance of different separation systems, we used a single para-

meter, the processing cost (PC), which is the cost required to transform the feed into the product

streams. The PC includes charges for capital expenses (such as plant facilities investment, PFI,

working capital, interest, and loan repayment) and operating expenses (such as utilities, labor, sup-

plies, property tax, and insurance). These capital and operating expenses are included in a discounted

cash flow analysis along with other parameters (such as on-stream factor, return on investment, de-

preciation rates) to give the PC in terms of dollars per unit of product (or per unit of feed processed).

Figure III-1 illustrates the procedure used to determine the PC.

Membrane capital costs were calculated using the membrane area determined by the appropri-

ate membrane model and an estimated membrane cost per unit area. An installation factor of 2.4 was

used for the initial installation only; the membrane lifetime varied depending on the case study. Relat-

ed equipment (pumps, heat exchanges, flash vessels) costs were calculated using the ASPEN/SP cost

routines. The discounted cash flow analysis assumed a plant life of 20 years and a return on invest-

ment of 15%. Table III-1 lists the major parameters used in the economic evaluations.

SIMULATION PROCEDURE

Once the simulation program was developed (including calculation of thermodynamic mad

economic parameters), it was used to simulate the performance of the stand-alone membrane sys-

tem, stand-alone nonmembrane system, and hybrid systems. When appropriate, the hybrid system

was simulated for a range of _m values. Thus, ali systems, membrane, nonmembrane, and

hybrids, can be represented on a single graph with 0 as the independent variable; at _m equal to

Thennalenergyequivalentsarebasedonan electricpowergenerationefficiencyof33%anda steamgeneration
efficiencyof 85%.
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FigureIII-1. Flowdiagramshowingprocedurefor calculatingthe processingcost.
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Table II1-1
GENERAL PARAMETERS FOR ECONOMIC EVALUATIONS

Utility and Operating Costs

Steam (high pressure, 250 psia) $5.00/1,000 8b

Steam (low pressure, 25 _sia) $2,00/1,000 Ib

Electricity 5.0 C/kWh

Cooling water 5.7¢/1,000 gal

Operating labor $15/hr

Maintenance labor 2.5% of PFI*

Supervision 15% of operating labor

Benefits 35% of total labor

Maintenance supplies 2,5% of PFI

General and administrative expenses 20% of labor

Property taxes and insurance 2.5% of PFI

Economic Parameters

Plant life 20 years

Rate of return on equity 15%

General service facilities 13% of PFI

On-stream factor 90%

Inflation rate 0%

Administrative costs 2.0% of annual revenue

Annual tax rate 40%

Dollar basis first quarter, 1989

* Plant facilities investment.
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0.0, the corresponding results represent the stand-alone nonmembrane system; at _m equal to 1.0,

the corresponding results represent the stand-alone membrane system; and for _m between 0.0 and

1.0, the col responding results represent a hybrid system.

The simulations are reported in two parts: base case results and a sensitivity analysis on

key process and econotnic variables. The base case simulation uses a set of variables that we

consider typical. Simulation results are reported in detail using the base case conditions for the

stand-alone membrane and nonmembrane systems and for the hybrid at a particular value of _m.

In the sensitivity analyses, key process and economic variables are varied one at a time, and ',di

other variables remain at their base case values. Typical variables included in the sensitivity

analysis include feed and product composition, membrane selectivity and cost, and utility costs.

The sensitivity analysis shows which variables are important in determining the best separation

system and what membrane performance is required for the hybrid to be the best system.
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CHAPTER IV,

CASE STUDY 1 - PROPYLENE/PROPANE SEPARATION

In this case study, we evaluate the thermodynamics (availability) and economics of several

propane/propylene separation processes. Computer models using publicly available process data

were used to perform the evaluations. The results show that for 95% purity propylene product the

membrane technology (based on small-scale laboratory data) is superior, both economically and

thermodynamically, to the distillation technology. Thus, a separation system consisting of a

membrane alone results in the highest thermodynamic efficiency and lowest processing cost.

However, if the required degree of separation is high (99.5% propylene) the membranes cannot,

by themselves, perform the separation. In this case, the best system consists of a membrane that

accomplishes as much of the separation as it is able, along with a distillation column that performs

the remainder. Distillation alone results in the lowest efficiency and highest cost. If, however, we

perform the evaluations with membrane properties inferior to those reported in the literature, the

best system is a combination of membrane and distillation (even if the entire separation can be done

by membrane alone); both highest efficiency and lowest cost result from a system where 85% of

the separation is performed by the membrane and the remainder by distillation.

PROCESS DESCRIPTION AND MODELING

Figure IV-1 diagrams a typical process for production of propylene from propane (Craig

and Spence, 1988). Fresh and recycle propane are heated and fed to a catalytic reactor; the reaction

is incomplete and results in a mixture of propane and propylene leaving the reactor. The hot

reactor gases are cooled (preheating the feed and producing steam) and compressed and then enter

the purification section. Hydrogen and methane can be removed by flashing after the compression

step or by absorption using naphtha as the solvent. After a first distillation step to remove ethane

(stabilizer column), acid gases and other impurities may be removed, and the remainder is sent to

the propylene splitter. Propylene product leaves the top of the column, and propane plus heavier

components leave at the bottom. The propane stream is sent to the deoiler where C4+ compounds

are removed. The remaining propane is recycled to the reactor feed.
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This study will deal only with the propylene splitter section of the flowsheet as shown in

Figure IV-2. The feed stream, a saturated liquid, contains 44 mol% propylene, 54% propane, and

2% heavier compounds. Three propylene purities will be examined, 95%, 99.5%, and 99.9%,

with corresponding propane streams containing 3.8%, 2.5%, and 1.3% propylene. The exact

temperatures and pressures of the exit streams depend on the outlet purities and the process used

(membrane, distillation, or hybrid), but were kept within the ranges shown in Figure IV-2. Ali

streams exit the system as saturated liquids.

MEMBRANE PROC_!3S DESCRIPTION

Conventional polymer membranes studied for similar separations have not shown good

performance because of the simil,'u"molecular size, solubility behavior, and vapor pressures of

propane and propylene. However, another class of membranes, facilitated transport (FT) mem-

branes, have been shown in laboratory studies to give good performance in this separation

(Hughes et al., 1982; Teramoto et al., 1986; Koval and Spontarelli, 1988; Peinemann and Shukla,

1989). An FT membrane contains a compound that acts as a carrier by reversibly binding to the

species of interest. In this case, silver ions reversibly bind to the double bond portion of propylene

and facilitate its transport across the membrane. Propane, which does not contain a double bond,

is unaffected by the silver.

The mechanism by which separation takes piace in an Fr membrane is shown in Figure IV-3.

The first step is the dissolution of propane and propylene into the membrane from the high pressure

side (feed-side). Although the solubility of both compounds in most membrane materials is similar,

some of the propylene reacts with the silver so that the total quantity of propylene contained in the

membrane can be much greater than that of propane. The three species (propane, propylene, and pro-

pylene/silver complex) diffuse across the membrane, and propane and propylene are desorbed from the

membrane at the low pressure side. Desorption of propylene at the low pressure side results in disso-

ciation of the propylene/silver complex. The facilitated portion of the total propylene transport will be

significant only if tt;e ratio of bound propylene to unbound propylene is large; the more significant the

facilitated portion, the more selective the membrane for propylene over propane. The ratio of bound to

unbound propylene is a function of the concentration of silver and of the equilibrium constant for the

reaction between silver and propylene.

Typically, FT membranes have been studied in the form of an immobilized liquid membrane

(ILM; Teramoto et "al.,1986), a microporous men,brahe whose pores are filled with a solution con-

taining the dissolved carrier. Transport takes piace only in the solution-filled pores. Modules with
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Figure IV-2. Inletandoutletconditionsfor propylene/propaneseparationsystem.

IV-4



.:.::,'+' :.:+:+:,::.+.:::'.::.::.'• ,2: :::':': :.........
I:: :i:::,!:i'!:i'"'""'_""'"" .............."' ........

,:i:.ii!iii:i:;_i;HlghPressurei:_ Low Pressure
II).....
I....;i,.;!i .:i.,::9::?::!:i .:,i:' "i .:.ii.7:i:.ii.:U,i.::
I '""T:'T: +: " " ::+: " " '"

C3H 6 C3H 6

' ......... " Solution-Diffusion

Transport

C3H 8 C3H 8

LIQUID MEMBRANE VAPOR

I_

RAM-6519-9

Figure iV-3. Transport mechanisms for propylene/propane separation in a facilitated
transport membrane.
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these membranes have not been produced commercially, primarily because of instability. If the pres-

sure drop across the membrane is too high, the solution will be blown out of the membrane pores,

and the membrane will be ruined. Another problem is the evaporation of the solvent from the mem-

brane pores; some means of replenishing this solvent or preventing the solvent evaporation must be

used if the membranes are to remain active.

Another form of FT membrane, the fixed carrier membrane (FCM), has also been studied for

a variety applications including olefin/paraffin separation (Koval and Spontarelli, 1988). An FCM

consists of an ion exchange membrane into which the carrier species has been ionically exchanged.

Because the carrier is ionically bonded to the membrane, it is more stable than an ILM.

In our membrane system, the feed will be a saturated liquid, and the propylene permeate will

be a vapor. Membrane separations where the feed is liquid and the permeate is vapor are called per-

vaporation systems to differentiate them from systems where no phase change occurs. The heat of

vaporization required to effect this phase change must be supplied by preheating the feed, by heating

the membrane module, or by using a series of small membrane modules with heaters between them.

In our membrane process for propylene splitting (Figure IV-4), the feed-side is maintained at

a constant temperature by heating with steam. The residue stream is heated slightly after leaving the

membrane so that liquid leaving the separation system is saturated as we specified earlier. The per-

meate stream is drawn off at atmospheric pressure, compressed to the feed pressure, and condensed

to a saturated liquid.

The membrane module configuration for this application could be either spiral wound or

hollow fiber. To maintain a constant temperature on the feed side of the membrane, the modules

could be designed to include internal heating elements; however, a simpler approach would be to

arrange the modules in series with heat exchangers between each stage.

In a real-world installation, the possibility of poisoning the silver in the membrane (rendering

it inactive) must be considered. Impurities that may poison the silver include reducing species such

H2S, H2, or acetylenes (which can irreversibly bind to the silver and may form explosive com-

pounds). These silver poisons are likely to be found in the mixture entering the membrane in trace

quantities; if trace quantities are enough to shorten the life of the membrane, they must either be

removed prior to the membrane or a method for regenerating the membrane must be developed.

There are many technologies for removal of impurities; however, we have not included their cost in

our analysis because we do not expect their cost to be great.
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MEMBRANE PROCESS MODEL

To simulate the performance of the FT membrane separation process, a computer model

was developed based on the mechanism described above. The fluxes of paraffin (propane) and

olefin (propylene) across the membrane are given by

Np = 1Dp [Cp (0)-Cp (L)] (IV-I)

No = 1 Do (Co (0)-Co (L))+ 1 Dc (Cc (0) -Cc (L)) (IV-2)

and

Cp (0) = Hp Pp (0); Cp (L) -- Hp Pp (L) (IV-3)

Co (0) = Ho Po (0); C (L) = Ho Po (L) (IV-4)

KCo (0) CT

c_ (o) = 1 + KCo(0) 0V-5)

Cc (L) = KCi (L) CT
1 + KCo (L) (IV-6)

where

Np and No = the fluxes of the paraffin and the olefin across the membrane
L = the membrane thickness

Dp and Do = the diffusivities of the paraffin and the olefin in the membrane

Cp (0) and Co (0) = the concentrations of the paraffin and the olefin in the membrane at the
feed-side

Cp (L) and Co (L) = the concentrations of the paraffin and the olefin in the membrane on the

permeate-side

Dc = the diffusivity of complex in the membrane

Cc (L) = the concentration of complex in the membrane at the permeate-side

Hp and Ho = the Henry solubility coefficients of the paraffin and the olefin in the membrane

Pp (0) and Po (0) = the feed-side partial pressures of the paraffin and the olefin
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Pp (L) and Po (L) = the permeate-side partial pressures of the paraffin and the olefin

Cc (0) = the concentration of complex in the membrane at the feed-side

K = the reaction equilibrium constant

CT= the total concentration of silver in the membrane

The assumptio,s used in developing the membrane model are given in Table IV-l; full details

of the model development are beyond the scope of this report. (Details of a gas phase FT membrane

module model can be found in Gottschlich et al., 1988). Membrane properties required by the model

were taken from laboratory studies of similar systems reported in the literature. The membrane prop-

erties used in the simulations (Table IV-2) are based on the results of Teramoto et al. (1986) for an

ILM. The membrane model was interfaced with a commercial process simulation package (ASPEN/

SP by JSD Simulation Service Company, Denver, CO; now part of Simulation Sciences, Irvine,

CA) which performed material and energy balances and economic calculations.

The membrane model assumption of isothermal operation requires that energy be put into

the system to supply the heat of vaporization for the pervaporation step. This energy requirement

was calculated by performing an enthalpy balance around the membrane module with the assump-

tion that the permeate and residue streams leave the module at the same temperature.

DISTILLATION PROCESS DESCRIPTION

Distillation is the process currently used commercially for propylene splitting. For propane/

propylene separation, distillation requires large columns and high energy inputs because of the low

relative volatility (<1.2). The distillation system we have used for propylene splitting is shown in

Figure IV-5. Reboiler energy is supplied by low pressure steam, and cooling water is used in the

condenser. A process option, not shown in Figure IV-5, is to include a heat exchanger between the

reboiler and the condenser. Our base case does not include such a heat exchanger, although any

energy savings from such a heat exchanger are easily calculated from our base case results.

DISTILLATION PROCESS MODEL

The design of a distillation column is a complex optimization problem because of the many

process variables that can be manipulated. The most important of these variables are the reflux and

boilup ratios, the number of trays, and the location of the feed. In this example, two of these vari-

ables, the reflux and boilup ratios, are manipulated to obtain the specified values for the propylene

concentration leaving at the top and the bottom of the column. Of the two remaining variables, we

have chosen to fix the number of trays used in ali calculations (152 equilibrium trays). The feed

k
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Table IV-1
ASSUMPTIONS USED IN DEVELOPMENT OF MODEL OF

MEMBRANE MODULE FOR PROPYLENE/PROPANE
SEPARATION

1. Cross-flow module configuration.

2. Negligible pressure drop on feed-side and permeate-side streams

3. Instantaneous propylene/silver reaction.

4. Concentration-independent reaction equilibrium constant,
solubilities, and diffusivities.

5. No gas or liquid phase mass transfer resistances.

6. Steady state.

7. Plug flow ingas and liquid phases.

8. Isothermal operation.

Table IV-2
MEMBRANE PROPERTIES USED IN THERMODYNAMIC AND

ECONOMIC EVALUATIONS FOR PROPYLENE/PROPANE
SEPARATION

Propylene
Solubility 209 atm,L/mol
Diffusivity 1.63 x 10"5 crn2/s

Propane
Solubility 662 atm-L/tool
Diffusivity 1.61 x 10.5 cm2/s

Propylene-Silver Complex
Diffusivity 1.06 x 10-5cm2/s
Equilibrium constant 100 L/mol

Silver Concentration 2 molar (aqueous)

Membrane
Porosity/tortuosity ratio 0.25
Thickness 1 I.u'n

Thermodynamic Properties Calculated using the Peng-Robinson equation-
of-state with binary interaction parameters
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Figure IV-5. Distillationsystemfor productionof 95%pr,repropylene.
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location will be optimized to give the lowest overall processing cost. We have simulated the

column using the ASPE"q/SP distillation model. The model performs phase equilibria c',dculations

at each tray using the Peng-Robertson equation of state (with binary interaction parameters). The

assumptions used in the distillation simulation are listed in Table IV-3.

Table IV-3
ASSUMPTIONS USED IN DISTILLATION COLUMN

SIMULATION OF PROPYLENE/PROPANE SEPARATION

1, Top and bottom streams leave as saturated liquids,

2. 152 equilibrium stages are used in ali calculations (plus reboller and
condenser),

3, Feed enters at the tray that results in the lowest overall processing
cost,

4, Reflux and boilup ratios are manipulated to give the desired top and
bottom cornpositions,

5. Phases are in equilibrium at each stage.

6. 20 psi pressure drop across the column,

7, Thermodynamic properties are calculated using the Peng-Robinson
equation of state with binary interaction parameters.

HYBRID PROCESS DESCRIPTION

Figure IV-6 shows three possible distillation/membrane hybrid configurations. In the first

configuration (top of figure), the feed first enters the membrane; the residue stream leaves the

membrane at the desired propane stream composition, and the permeate stream becomes the feed to

the distillation column. The propylene product stream leaves the top of the column, and the bottom

stream is recycled to the rriembrane feed. (To reduce thermodynamic inefficiencies resulting from

mixing, the composition of the column bottom would probably be specified to equal the membrane

feed composition.) In the second configuration, the feed stream first enters the distillation column.

The propane stream leaves at the bottom, and the column top is fed to the membrane. The mem-

brane residue, enriched in prop',me, is recycled to the column, and the propylene product exits as
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the permeate stream. The third configuration is similar to the second except that the membrane is

located at the bottom of the column. The membrane permeate is recycled :_the column, and the

propane stream exits as the residue stream.

We chose to use the third configuration for several reasons. As in ali separation processes,

there is a trade-off between product purity and product recovery; to recover a high purity product,

the fractional recovery is usually small and vice versa. In the first configuration, the membrane

must produce high purity propane starting from dilute feed and therefore is likely to have a low

propane recovery. A low propane recovery requires a high recycle rate between the distillation

column and the membrane to meet the propylene purity specification; high recycle rates necessitate

large and expensive process equipment. Therefore, the first configuration, which would probably

require high recycle rates, was eliminated as a potential system for this application.

The two remaining configurations do not have the same problem that caused elimination of

the ga'st; their feeds are preconcentrated by the distillation column, and thus the membrane system

product recoveries should be acceptable. To choose between these two, we followed a rule-of-

thumb for membrane systems: to mininaize the membrane area requirement, choose a membrane

system that causes the minor component of the membrane feed to be concentrated in the permeate

stream. Thus, the third configuration was chosen for evaluation in this study.

Figure IV-7 shows the complete flowsheet for the hybrid process. The propylene con-

centration in the stream that leaves the column and enters the membrane (referred to as the inter-

mediate mole fraction of propylene, IMFP) can be varied by adjusting the operating conditions in

the distillation column. If the IMFP is close to the finn propylene product value, then the distil-

lation column is doing most of the separation; conversely, if the IMFP is close to the feed value,

then the membrane is doing most of the separation. By manipulation of the IMFP, the thermody-

namic extent of separation due to the membrane section, _m, can be varied from 0.0 (distillation

only) to 1.0 (membrane alone). By varying _m, we can evaluate the performance of not just a

single hybrid system but the complete range of hybrids from those that are primarily membrane

processes to those that are primarily distillation processes.

In Figure IV-7, the two sections of the hybrid process, membrane and distillation, are

shown in dashed boxes. Thermodynamic and economic results are reported both for the overall

process and for the individual sections. The models used to describe the hybrid process are the

same as those used for the membrane module and distillation column.
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THERMODYNAMIC AND ECONOMIC EVALUATIONS

Thermodynamic and economic evaluations were performed as discussed Chapter III. The

processing cost, PC, is reported as dollars per pound of propylene product (not on pure propylene

basis). Table IV-4 gives economic parameters specific to this case study.

Table IV-4
PARAMETERS FOR ECONOMIC EVALUATION OF

PROPANE/PROPYLENE HYBRID SYSTEMS
(Basis: 500 Million Pounds Propylene Per Year)

i

Installedmembranesystemcost $22.30/ft2

Replacementmembranecost $9.29/ft2

Membranelife 5 years

Distillationtray efficiency 0.80

Distillationtrayspacing 1.5 ft

Distillationcolumnmaterial Carbonsteel

Generalservicefacilities 13%oftotal PFI

A separation system producing propylene and propane streams containing 95% and 3.8%

propylene, respectively, was considered the base case system, although two other product purities

were also examined (99.5% and 99.9% pure propylene product with corresponding propane streams

containing 2.5% and 1.3% propylene, respectively). Because the systems with membranes alone or

distillation alone aa'ereally just extreme cases of the hybrid system, extremes wherein ali the separa-

tion i_ performed by one technology, there is no need to give separate evaluations for the stand-alone

technologies. Results for ali systems, membrane alone, distillation alone, and the entire range of

possible hybrid systems can be displayed on a single graph.

Base Case Evaluations

The systems shown in Figures IV-4 (membrane), IV-5 (distillation alone), and IV-7

(hybrid) were evaluated for production of 95% propylene. We discuss here a particular hybrid

with extent of separation, _m, equal to 0.69 simply to have a concrete example of a hybrid.

IV-16



Table IV-5 shows the energy consumption of the three separation systems. The membrane

system uses equal amounts of electricity and steam (based on heat content) with a thermal energy

equivalent* consumption of 460 Btu/lb propylene product stream. The distillation system uses very

: little electricity. However, its steam consumption is more than ten times greater than that of the

membrane system, and the resulting thermal energy equivalent consumption is more than five times

greater than that of the membrane system. The hybrid process (based on _m = 0.69) gives energy

consumption results between that of the membrane and distillation processes. (Complete details of

simulation for the three systems are given in Appendix A.)

Table IV-6 shows the economic results for the three systems. The membrane system has a

capital cost of $4 million, of which only $0.3 million is for the membrane modules; most of the

" system's capital cost is for the compressor. The distillation system capital cost is much greater, $20

million, and the hybrid system capital cost is intermediate at $12 million.

Table IV-6 also includes a bre_down of the processing cost for the three systems. The

membrane system has a PC of 0.54 cents/lb product of which 30% is a result of electricity expense.

The PC for the distillation system is approximately five _mes greater, 2.72 cents/lb product, of

which steam accounts for over 40%. The hybrid process results in a PC of 1.58 cents/lb product, of

which steam is the major expense, accounting for over 30%.

The results of these evaluations indicate that, in terms of both energy and economics, the

membrane process is superior to the distillation process. The hybrid process is better than distillation

alone, but is inferior to the membrane alone. Before making any further conclusions regarding these

_. systems, we present the th_maodynamic efficiencies and processing costs for the entire range of

systems (0 < _m < 1)

Figure IV-8a shows EFF versus _m for the membrane section, distillation section, and the

entire process for production of 95% propylene. The most obvious observation from this graph is

that the membrane section is much more efficient than the distillation section for all systems; mem-

brane efficiency is on the order of 25%, and distillation efficiency is about 5%. (The overall effi-

ciency is not simply a linear combination of the distillation and membrane efficiencies and therefore

may not have the shape which is initially expected.) The figure shows that the membrane alone is

more efficient than distillation alone or any of the hybrid processes.

* Thermalenergyequivalentsincludesteamandelectricityandare calculatedbasedon anelectricpowergeneration
efficiencyof 33%anda steamgenerationefficiencyot 85%.
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Table IV-5
ENERGY REQUIREMENTS FOR PROPYLENE/PROPANE SEPARATION

(Basis: 95% propylene, 500 million Ib product per year)

Process

Membrane Distillation Hybrid (_m = 0.69)
Alone Alone Memb. _ Total

Steam (Btu/Ibproduct) 110 2,190 73 939 1,012

Electricity (Btu/Ib product) 110 6 70 3 73

Thermal energy equivalent 460 2,580 297 1,113 1,409
(Btu/Ib product)

Table IV-6
ECONOMIC RESULTS FOR PROPYLENE/PROPANE SEPARATION

(BasEs: 95% propylene, 500 million lb product per year)

Process

Membrane Distillation Hybrid
Cost Alone _ Alone J,_un= 0.69_

Totalcapital($ millions) 4,0 20.3 12.1

Membranecapital($ millionu) 0.3 -- 0.2

Labor(cents/Ibproduct) 0.04 0.17 0.11

Steam (cents/Ibproduct) 0.06 1.15 0.54

Electricity (cents/Ib product) 0.16 0.0 0.11

Total eperating cost (¢/ib product) 0.32 1.61 0.93

Processing cost (cents/Ib product) 0.54 2.72 1.58
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The membrane efficiency reaches a maximum at approximately _ = 0.20. It has previously

been recognized that the cost of a membrane unit operation reaches a minimum at a specific product

purity (Gottschlich et al., 1989; the specific purity resulting in the optimum performance is particu-

larly sensitive to the permeate/feed pressure ratio, membrane selectivity, feed and composition, and

the product recovery requirement). Therefore it is also not surprising that the availability efficiency

should also show a maximum for one specific set of conditions. In this case, it is at a specific feed

composition since all other variables are fixed. Although this maximum point in the membrane curve

has a negligible influence on the shape of the overall efficiency cm've (due to the large difference be-

tween the membrane and distillation curves), in other circumstances the maximum might be enough
to cause a maximum in the overall curve.

Figure IV-8b shows PC versus _bmfor production of 95% propylene. In general, PC de-

creases steadily from a high value of 2.7 cents/lb propylene for distillation alone to a low of

0.54 cent/lb for membrane alone. At the left side of the graph (distillation alone), there is a slight

increase in PC in going from distillation alone to a hybrid containing a small membrane section.

Similarly there is a greater increase in PC going from membrane alone to a hybrid using a small

distillation section than is found throughout the midsection of the graph. These anomalous slopes at

the sides of the graph are probably caused by the increase in capital cost resulting from addition of

even an insignificantly small unit of a second technology (because of economies of scale, an

insignificantly small distillation column may have a small but significant capital cost).

Also shown in Figure IV-8b are the PCs when steam is half the base case cost and when steam

is free; even if steam is free, the membrane system has the lowest PC. As expected, changing the

steam cost changes significantly the costs for distillation but not for the membrane system. Although

not explicitly shown in Figure IV-8a, the effect of reducing the steam consumption in distillation (say,

by heat exchange between the reboiler and condenser) can be estimated knowing that practically 100%

of Autil in the distillation process is a result of steam use; the steam use would have to be reduced by

80% for the distillation section efficiency to be equivalent to that of the membrane section.

The portion of PC related to capital related expenses is shown in Figure IV-8b to be approx-

imately 40%. The capital costs follow the same general trend as PC; capital cost for the membrane

alone is less than for that of distillation alone or any hybrid system.

Figures IV-8a,b show that the membrane process is superior to distillation or any of the hybrid

processes for production of 95% propylene. Even if steam consumption by the distillation section

could be reduced by 80%, the membrane alone would still have the lowest capital and operating costs.
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, Sensitivity Analysis

The effect of steam cost on distillation was discussed in the previous section, and although

it is a major portion of the distillation cost, reducing its cost to zero still did not result in a PC with

the distillation or hybrid systems lower than that with the membr;_ne system. Other process vari-

ables which have a major affect on these separation systems are the desired product purity and the

membrane properties; these will be discussed in the following sections.

Production of 99.5% and 99.9% Propylene. So far we have presented the results

of processes for production of 95% propylene. The performance of these separation technologies

can change markedly as the product purity specifications are changed. Figure IV-9 shows the

overall efficiencies and PCs for production of 95%, 99.5% and 99.9% propylene. The most obvi-

ous difference between the high purity curves and the 95% curve is that the membrane alone is not

represented by any data because it is not capable of meeting both the propylene and propane purity

specifications. The maximum Omfor which a hybrid system will meet product specifications drops

as the purity specifications become more strict. Thus as the product purity increases, the curves

end ftn'ther from the right side (membrane only) of the graph.

Another difference between the higher purity cases and the 95% case is that the efficiency

goes down and the PC increases as the product specifications become higher. In general, PCs in-

crease by about a factor of two for each increase in propylene purity, although the PCs for distillation

alone increase much more than the PCs for the hybrid systems.

. Membrane Properties. Although we performed these calculations based on membrane

properties from experimental studies, it is likely that any commercial membrane developed from

these laboratory efforts would not perform as weil. Thus, it is worth examining the effect of varying

the membrane properties on the membrane system performance. Similarly, variations in the distilla-

tion technology properties, the relative volatilities, will affect the performance of the distillation sys-

tem; however, these properties are not easily varied in practice and therefore will not be examined.

The membrane properties listed in Table IV-2 are given in terms of solubilities, diffusivi-

ties, concentrations, and equilibrium constants. These quantities are not conventional properties

typically used to describe membranes. Gas separation membrane properties are more commonly

given in terms of selectivities and permeabilities. The permeability of a membrane to a particular

species is defined by

Ni = Qi(Pi(0) - Pi(L))/L (IV-7)
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where Ni is the flux of species i, Qi is the permeability of species i, Pi(0) is the feed-side partial pres-

sure of species i, Pi(L) is the permeate-side partial pressure of species i, and L is the membrane thick-

ness. The selectivity, oqj, is the ratio of permeabilities of species i to species j.

For the FT membrane, an effective permeability can be defined by replacing Pi(0) with the fu-

gacity of species i (because the feed-side is a liquid in a pervaporation system), equating the flux given

by Eqns. IV-1 or IV-2 with the flux given by Eqn. IV-7, and solving for Qi. The selectivity of an FT

membrane is the ratio of the effective permeabilities. Because the flux of an Fr membrane is a function

of the feed-side composition, the selectivity of an FT membrane will change with position ",alongthe

membrane. Figure IV-10 shows the effective selectivity of the membrane versus the feed-side propylene

mole fraction. The selectivity increases as the propylene mole fraction decreases, from 60 at the feed end

of the membrane to 350 at the residue end (99% propylene product). Selectivities of 60 are usually

considered quite good for gas separation or pervaporation membranes. The propane permeability, which

is not facilitated, is constant throughout the membrane and has a value of 18 barrer*. This permeability

is acceptable for gas separation or pervaporation membranes.

• For comparison, Figure IV-11 Shows the relative volatility, RV, for propylene over propane; the

relative volatility determines the performance of a distillation column. The RV changes as the composi-

tion changes in the column and is reported as a function of column position. The RV varies between

1.07 and 1.17; typically distillations with RVs less than 1.5 are considered difficult. From these proper-

ty values, it can be seen that we are comparing a very good membrane separation with a very difficult

distillation separation.

To examinewhat would happen to the membrane system performance if an inferior membrane

were used, we calculated selectivities for membranes with various carrier concentrations. These selec-

tivities are shown irl Figure IV-12 for carrier concentrations of 0.80, 1.0, 2.0, and 10.0 molar. The

effect on selectivity is great; the change in selectivity is almost proportion_ to the change in carrier

concentration (typical of "carrier dominated" facilitated transport).

Figure IV- 13 shows the efficiency for distillation, membrane, and hybrid systems for produc-

tion of 95% propylene with a carrier concentration of 1 molar. The steep drop in the membrane effi-

ciency at the fight side of the graph occurs because the membrane cannot do the separation by itself

unless the permeate pressure is lowered from the v',due of 1 atm used in other calculations. Lowering

the permeate pressure "allowsthe membrane to perform the separation but requires a large additional

utility input (electricity) for increased compression requirements on the permeate stream.

* 1 barrer = 10-10(cm 3 [STP] /cm -s -cna tfg)
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Figure IV-14 shows the overall efficiencies and PCs for both the base case membrane

(carrier concentration of 2 molar) and the membrane containing 1 molar carrier. As expected, the

results for distillation alone do not change from the base case results. However, the efficiency of

the membrane alone drops and the PC increases, both by a factor of 4. Of significance is that the

minimum in the PC curve occurs at the same 00mas the maximum in the efficiency curve. Whether

this correspondence between the efficiency maximum and the PC minimum is a general rule in

hybrid systems or just an artifact for this particular application cannot be determined until further

case studies have been evaluated.

CONCLUSIONS

For propylene splitting with membrane properties t',akenfrom small-scale laboratory data,

the membrane proved to be superior to distillation both in availability efficiency and PC; however,

to produce higher purity products, the membrane alone cannot perform the separation, and a hybrid

is required. Higher product purifies resulted in lower efficiencies and higher PCs for ali systems.

Second, a key qualitative parameter of the hybrid system is the thermodynamic extent of separation
,'

in the membrane, _m.

In this example, we were comparing a very good membrane process with a very difficult

distillation process. If development of commercial membranes results in inferior membrane proper-

ties, then the situation could be quite different. We have shown that a reduction in the carrier con-

centration (from 2 to 1 molar) leads to a hybrid process as the optimal system both in terms of effi-

ciency and PC. Although this is only the first example and therefore results cannot be generalized

yet, the process with the highest availability efficiency always resulted in the lowest PC.
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CHAPTER V

CASE STUDY 2 - REMOVAL OF NITROGEN FROM NATURAL GAS

Natural gas is one of the major energy sources in the United States, with discovered
reserves estimated to be 145 Tcf 1 and undiscovered reserves estimated tc,0e in excess of 400 Tcf

in the lower 48 states alone. Of this gas, more than one-third is subquality; i.e., some processing

of this gas is required to remove impurities before the gas can be us,ed. More than half of this sub-

quality gas (20% of total reserves) contains nitrogen impurities greater than are generally tolerated

by natural gas consumers (>3-4% N2; Meyer et al., 1990).

Currently, most of the gas that is subquality because of excessive N2 cannot be used because

of the high cost of N2 removal processes and the present low value of natural gas. The exceptions to

this rule occur when there is simultaneous recovery of another valuable product other than methane

(helium or N2 for enhanced oil recovery) or in association with vary large reserves where economies
f

of scale result in a viable separation process. Current separation processes are based on cryogenic

distillation technology; however, two new technologies (pressure swing adsorption and membrane

separation) are being developed for this application. These new technologies promise to be simpler

to operate and may be economical for smaller reservoirs where cryogenic separation is not. The

benefits of improved N2 removal technologies include a potential reduction in the energy required by

the separation process and an increase in the marketable reserve of natural gas.

We examined the use of membrane and pressure swing adsorption (PSA) technologies for

removing nitrogen from subquality natural gas. These technologies were considered by them-

selves and in several hybrid configurations.

The results of these evaluations indicate that there are ranges of conditions in which mem-

brane alone, PSA alone, or a hybrid process will give the best economic performance. Conditions

including high feed pressure, low N2 feed content, and high membrane selectivity favor the mem-

brane alone. When the conditions are between these extremes, a hybrid process may result in the

lowest separation costs. The energy use is 'always lowest with membrane alone because PSA pro-

duces methane at low pressure and, therefore, must recompress the entire product stream. How-

ever, the membrane produces methane at high pressure and does not require any recompression.

I Ttf = trillion cubic feet (1 atm, 60°F)
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PROCESS DESCRIPTION AND MODELING

We evaluated the thermodynamics and economics of five configurations. Membrane sys-

tem performance was determined using a fundamental computer model (Shindo et al., 1985); PSA

system performance was obtained from a commercial supplier of PSA equipment. The membrane

and PSA systems are described in detail in following sections.

To achieve the project goal of understanding where membranes will best complement other

technologies in hybrid systems, we chose operating conditions, from the range of typical natural

gas well conditions, where we expected membranes to have the greatest chance of favorable eco-

nomic performance. These favorable conditions include low gas production rate, moderately high

feed pressure, and low N2 feed content. Evaluations were also performed over a range of these

conditior,s, including areas that are not favorable to membranesl

Membrane Process

No commercially available membranes have favorable characteristics for N2/CH4 separa-

tion. Thus, for the membrane properties used in these evaluations, we used values that we believe

could be attainable in the next two to three years. N2/CH4 selectivities as high as 8 have been

reported in laboratory tests with CH4 permeabilities of-- 1 Barrer (Hayes, 1988). Kim et al.

(!989) reported work on a class of polyimide polymers with N2/CH4 selectivity of 2 and methane

permeability of 0.5 Barrer. Based on this information, we believe a membrane with a N2/CH4

selectivity of 5 and a CH4 permeance of 10,000 Barrer/cm could be commercialized in the next two

to three years, and these arc the properties used in our base case evaluations. Other membrane

properties are given in Table V-1. Glassy polymers are currently used in natural gas applications

and are not degraded by most impurities. Glassy polymers can also be expected to have a lower

permeance for C2+ compounds and, thus, we will assume that essentially none of these

compounds are lost in the membrane permeate stream.

To perform evaluations of membrane systems, we require not only the membrane proper-

ties, but alse the configuration and operating conditions that result in the lowest cost membrane

system. The available configuratic ade single stage with and without recycl_ (SS and SSR),

series (SER), ca",cade (CAS), and cascade with premembrane (CPM), as shown in Figure V-1.

The transmembrane pressure ratio and membrane areas for each membrane must be optimized to

give the lowest overall separation cost. Choice of the incorrect configuration and operating condi-

tions can result in separation costs much higher than necessary.
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Table V-1
MEMBRANE PROPERTIES USED IN

ECONOMIC AND THERMODYNAMIC EVALUATIONS OFN2 REMOVAL

Base Case Range of
Membrane Property ,, Value

Permeance(Barter/cre)
N2 50,000 25,000 to 150,000
CH4 10,000 -

Selectivity 5 2.5 to 15

Life (years) 3 -

Cost ($/sq ft) 1.00 0.20 to 10.00
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(a) Single Module (SS or SSR) (b) Series (SER)

L..
(c) Cascade (CAS)

Memb 1 Memb 2

Memb 3

(d) Cascade With Premembrane (CPM)

RM-6519-52

Figure V-l. Membrane configurations used for gas separation.
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Based on the results for other applications, natural gas sweetening (Spillman et al., 1989)

and H2/N2 separation (Gottschlich et al., 1989), we then chose SS or CPM as the configurations

most likely to give the lowest cost. In many applications, SS results in the lowest cost because

expenses associated with recycling and recompression are eliminated. However, in other cases

(where the feed concentration is low, the desired product purity is high, the membrane selectivity is

low, or high product recovery is required), CPM will often result in the lowest cost. Examination

of CPM and SS showed that SS is a special case of CPM* and, therefore, onlY CPM was included

in the evaluations. (In several cases, SER was also examined but never resulted in lower costs

than CPM.)

The operating variables were optimized to give the lowest overall separation cost (i.e., low-

est PC) for all evaluations. Operating variables include the N2 content of the residue streams leav-

ing membranes 1 and 3 and the pressure ratio in membrane 2. The pressure ratios in membranes 1

and 3 were not variables because the permeate pressure was assumed to be atmospheric. To sim-

plify the optimization, we specified the N2 content of the residue from membrane 3 tobe equal to

that in the residue of membrane 1. This specification eliminates the loss of availability that would

result if these streams were of different composition, a situation that has been shown to result in

the lowest separation cost (Gottschlich and Roberts, 1990). This membrane configuration can be

used as the nonhybrid membrane system (NH-MEMB) or in conjunction with PSA in a hybrid

system.

Pressure Swing Adsorption

In PSA, a feed gas is passed at high pressure over an absorbent bed wherein a portion of

the feed is retained by the adsorbent. The gas not retained exits the bed concentrated in the nonad-

sorbed gas. Once the bed has reached its capacity and will not adsorb more gas, the feed is turned

off, and the bed pressure is reduced, releasing the adsorbed gas; this gas is enriched in the

adsorbed component. Once the bed has been fully desorbed (sometimes under vacuum), the feed

is turned on again, and the cycle is repeated. Because of the cyclic nature of this process, at least

two beds are used to allow continuous separation of the feed stream. PSA can produce gas con-

taining less than 1% N2, typically has methane recoveries of 80 to 90%, and has essentially com-

plete recovery of higher hydrocarbons.

* Depending on the operating conditions used, CPM will reduce to SS (by setting areas in
membranes 2 and 3 to zero) or CAS (by setting the area in membrane 1 to zero).

7.
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The two-step process described above is the simplest PSA cycle; three-, four-, and five-

step cycles are often used to improve the performance of the PSA system (Yang, 1987). The PSA

system for N2/CH4 separation uses an adsorbent which selectively adsorbs CH4 over N2. The

process uses a four-step, four-bed cycle, including a vacuum regeneration step. The feed pressure

is reduced (or compressed) to 250 to 300 psia before entering the bed. While feed gas is entering

the bed, methane and higher hydrocarbons are adsorbed, and a waste stream concentrated in N2

leaves the bed. After the feed is shut off, the bed pressure is lowered, and the methane-rich prod-

uct stream is drawn off. The product stream is then compressed to the desired pressure. Like the

membrane process, the conditions favorable to PSA include low gas production rate; in contrast to

the membrane, however, low feed pressure andhigh N2 feed content are favorable to PSA.

The performance and cost data for the PSA system were supplied by Nitrotec Engineering

(Linthicum, MD) for its currently available methane recovery system. These data were used to

describe the nonhybrid PSA system (NH-PSA), as well as the PSA sections of hybrid systems.

Although currently none of these units are operating solely for nitrogen removal, a similar unit is

operating for the recovery of helium from natural gas. If the two to three years suggested for

membrane development were used for PSA process development, we would expect to see some

performance improvement over that used in this evaluation (for example, because of improved

adsorbents or improved process design).

Hybrid Processes

Along with the stand-alone membrane and PSA systems, three hybrid membrane/PSA

systems were evaluated; these five systems are shown in Figure V-2. The two stand-alone sys-

tems were described in the previous sections. The first hybrid system (HYB-1) is simply a combi-

nation of the membrane system followed by the PSA system. Although this combination does not

have any obviously favorable characteristics, we thought it worthy of evaluation.

The two final hybrid systems (HYB-2 and HYB-3) t_e advantage of the differing pressure

ranges favorable to each technology. In HYB-2 the feed enters the membrane first; the membrane

permeate is recompressed only to 275 psia (taking advantage of the pressure reduction at the PSA

feed which would otherwise be wasted) and fed to the PSA unit. The PSA unit produces a

methane-rich product stream and a N2-rich waste stream. The operating conditions in the mem-

brane are such that the residue stream is pipeline quality. This configuration can be thought of as a

stand-alone membrane unit with a PSA unit added to recover some methane from the membrane

waste stream.

m
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Figure V-2. Hybrid and nonhybrid separation systems for upgrading subquality natural gas.
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In HYB-3, the feed first enters the PSA unit (after the required pressure reduction) that

produces a methane-rich product stream and a N2-rich waste stream. Instead of simply venting or

flaring the waste stream (which is at the PSA feed pressure of 275 psia), the N2-rich waste stream

is fed to a membrane. The membrane permeates a waste stream even more concentrated in N2 and

a residue stream that is enriched in methane. However, the membrane residue still contains too

high an N2 content to be fed to the pipeline ,and, therefore, is recycled to the PSA unit. In this

configuration, the membrane area is optimized to give the lowest separation cost. HYB-3 can be

thought of as a stand-alone PSA unit with a membrane added to recover some methane from the
PSA waste stream.

THERMODYNAMIC EVALUATION

Thermodynamic evaluations were performed in the same manner as described previously.

"l?laethermodynamic extent of separation (Om)was used as the independent variable to indicate how

much of the separation is performed by each technology in a hybrid process. Only one result is

reported, the availability consumed in utility streams (Autil).

ECONOMIC EVALUATION

Economic evaluations were performed in a similar way as described previously. Capital

and operating costs were estimated; these costs were then included in a discounted cash flow anal-

ysis which results in the processing cost (PC; in $/Mcf total product gas). Membrane capital costs

were determined by calculating the membrane area required to perform the separation and using an

installed membrane cost of $2.40/fl2; the membranes must be replaced every three years at a cost of

$1/ft2. These membrane costs are typical of hollow fiber membranes (see for example A/G Tech-

noiogy, Needham, MA, product bulletin on its AVIR air separation membrane). Costs for the

PSA system were obtained from Nitrotec Engineering Company. Compressor costs were

calculated using in-house cost data and an installation factor of three.

One difference between the economic calculations for this case study and the other case

studies arose because the five hybrid and nonhybrid systems result in different methane recoveries.

To account for this, a penalty was assessed for any unrecovered methane; an ,anrecovered methane

cost of $1/Mcf was used. This cost was included in the discounted cash flow analysis in a similar

manner as for any otheroperating cost. (Lower methane recovery increases PC in two ways: the

total expense attributed to lost methane is increased, and less product gas is available to pay for the

processing.)
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BASE CASE EVALUATIONS

The thermodynamic and economic results are described for each of the five process config-

urations. Many calculations were performed over different values of application and process para-

meters; however, here we describe in detail only the results for the base case application with each

of the five process configurations.

The N2 removal application is based on a small natural gas well containing N2 impurities at

levels too high for the natural gas to be used and, therefore, has little value unless the N2 can be

removed. The base case application has a feed flowrate to the separation system of 8 MMcfd*, an

N2 content of 20% (mole %), and a feed pressure of 800 psia. The product gas must be of pipe-

line quality (< 3% N2) and at the feed pressure; unrecovered methane is valued at $1.00/Mcf.

These base case conditions, along with the range of nonbase case values, are given in Table V-2.

Although subquality natural gas comes in a wide range of reservoir pressures and compositions,

we chose these conditions to meet our intuitive impression of where hybrid systems would be

practical.

Membrane System

The base case NH-MEMB system is shown in Figure V-2. Optimization of process vari-

ables resulted in elimination of all but the first membrane. Elimination of the second and third

membranes resulted in elimination of the compressor; hence, no electricity is required by the

process (except for control equipment). Stream conditions and compositions are shown for the

base case NH-MEMB system in Table V-3. This table shows that the waste stream consists of

65% methane; thus the methane recovery (fraction of feed methane in residue stream) is low, only

57%. A higher methane recovery could be achieved by using the full three-membrane configura-

tion, but this would have resulted in a higher PC due to the added capital and operating expenses.

Table V-4 summarizes the economic evaluation for this configuration (and for the other four

configurations to be discussed in following sections)i The PC for the base case membrane system is

$1.07/Mcf product gas. Almost 70% of this expense is a result of lost methane; the installed capital

cost is $730,000 or 25% of the PC. The thermodynamic results are given in Table V-5; since no

electricity is used the utilities availability consumption, Autil is zero. Complete details of this

evaluation are given in Appendix B.

' MMcfd = million cubic feet per day (1 atm, 60°F)
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Table V-2
OPERATING CONDITIONS USED IN ECONOMIC AND THERMODYNAMIC

EVALUATIONS OF N2 REMOVAL

Operating Base Case Range of
Variable Value Va Iu e s

Feed stream
Flowrate (MMcfd) 8, --
Temperature (°F) 60 --
Pressure (psia) 800 275 to 800
Composition

% N2 20 10 to 40
% CH4 75 55 to 85
% C2+ 5 ---

Product stream
Temperature (°F) < 100 ---
Pressure (psia) 800 Same as feed
Composition

% N2 3 ---
CH4 recovery Determined by economics
C2+ recovery (%) > 95 ---

V-10
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Table V-4
ECONOMIC RESULTS FOR N2 REMOVAL

(basis: 8 MMcfd feed rate)

Process
MEMB _ _ HYB-2 HYB-3

Capitalcosts ($ million)
PSA section $ 0,00 $ 5,94 $ 4,96 $ 3.46 $ 6.76
Membrane section 0.64 0,00 0,31 2,1 2 0,24
General services _ 0.09 0.89 0,79 _ 1,05

Total $ 0,73 $ 6,83 $ 6.07 $ 6,31 $ 8,04

Operating costs ($/Mcf product gas)
Unrecovered gas $ 0.73 $ 0,16 $ 0,44 $ 0,07 $ 0.02
Electricity cost 0,00 0,58 0,58 0.37 0,59
Other 0,07 m0,35 0.38 0.29 0,35

Total $ 0.80 $ 1,09 $ 1,40 $ 0,73 $ 0,96

Total processing cost _$/Mcfproduct
gas) $ 1,07 $ 2,03 $ 2,47 $ 1,55 $ 1.92

Table V-5
THERMODYNAMIC RESULTS FOR N2 REMOVAL

(basis: 8 MMcfd feed rate)

Process
MEMB _ HYB-1 HYB-2 HYB-3

Thermodynamic extent of 1,0 0.0 0,550 0.311 0.076
separation, _m

Electricity (1000 Btu/Mcf gas) 0,0 39,4 39.2 24.8 39.9

Autil (1000 Btu/Mcf gas) 0,0 38,8 38.6 24.3 -39.3

Thermal energy equivalent* (1000 0.0 1 18 118 74,5 120
Btu/Mcf gas)

* Thermal energy equivalents are based on an electric power generation efficiency of 33%,
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PSA System

The base case NH-PSA system is shown in Figure V-2; stream conditions are given in

Table V-6. The feed stream pressure is reduced to 275 psia before entering the PSA unit. The

waste stream leaves the PSA unit at 275 psia, and the product stream is recompressed to the origi-

nal feed pressure of 800 psia. The economics for the PSA system are summarized in Table V-4.

The PC is $2.03/Mcf of which 54% is a result of operating costs. Because the PSA system has a

relatively high product recovery (85%), the expense caused by lost methane is only $0.16/Mcf.

Electricity is the major operating expense at $0.58/Mcf. The total capital cost for the PSA system

is almost $7 million, about half of which is because of the compressor.

The thermodynamic results for the PSA system are shown in Table V-5. Electricity usage

is 39,400 Btu/Mcf; Autil resulting from electricity and cooling water streams is 38,800 Btu/Mcf.

The PSA process has a relatively small volume of waste gas (because of a high product recovery)

which exits at moderate pressure (275 psia). Complete details of this evaluation are given in

Appendix B.

HYB-1

This hybrid system is shown in Figure V-2; stream conditions are given in Table V-7. The

feed stream enters the membrane unit which, for optimum economic performance with these base

case conditions, consists of only the first membrane. The membrane residue is then fed to the PSA

unit, and the N2-rich permeate exits as a waste stream. The residue stream can have any value

between the feed concentration of 20% N2 (in which case the system is reduced to NH-PSA and ¢m

is 0,0) and the product concentration of 3% (in which case the system is reduced to NH-MEMB and

q_mis 1.0). For the base case example, we chose a residue stream compositic.n of 10% N2, which

gives a Cmof 0.55. The membrane removes 70% of the nitrogen, but also accounts for 63% of the

unrecovered methane; the overall methane recovery is 69%.

The economics for this system are summarized in Table V-4. The PC is $2.47/Mcf and the

total capital cost is $6 million, of which over 90% is caused by the PSA section. Operating

expenses contribute $1.40/Mcf; $0.44/Mcf is a result of unrecovered methane and $0.58/Mcf a

result of electricity.
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Table V-6
STREAM CONDITIONS FOR N2 REMOVAL

WITH PSA TECHNOLOGY ALONE
(basis" 8 MMcfd feed rate)

Stream*
_ ,,

Mole Fractions
N2 0,20 0,61 0,03
CH4 0,80 0,39 0,97

Totalflow(Mcf/hr) 333 98 235

Temperature(°F) R0 60 100

Pressure (psia) EO0 275 800

* Stream numbers refer to Figure V-2bo

V-14



' c01"-, o o ooo ,,-. ,,.- co

I'-- c0 1/)
_,_, 0_ o r--

O0 O_ 0
>" "," 0"_ ¢0 0 0

0
--I
0
z

o I I I I I
I--

=_ I I i I I

'0 '-

Z li oo _ cD co
E E
O_
Lt.

ZN oo m o
0 _ T-O_ cO o o--.a (:So _ _ co

Q
Z

o
0 mm

O0 O_ c_ ,,-

w _
lr >

_ _ co o o .__
oo co cD cO LI.

0e-,,,

E 0 '-- 1::.o :_ _ _.
-_ _ _ _ E

V-15



The thermodynamic results are shown in Table V-5. The electricity requirement of 39,200

Btu/Mcf is because of product recompression in the PSA section, and Autil is 38,600 Btu/Mcf.

Complete details of this evaluation are given la Appendix B

HYB-2

This system t.ombines the membrane and PSA units in a way that takes advantage of the

low cost of the membrane unit and the high recovery of the PSA unit (Figure V-2). It also takes

advantage of the pressure reduction on the PSA feed stream by using it as the pressure drop acro"s
J

the membrane. The stream conditions are given in Table V-8; feed enters a single membrane which

. produces a residue stream containing 3% N2 at 800 psia which is sent straight to the pir_,_line. The

permeate stream, however, contains a large amount of methane (47% of the total metha..._ entering

the separation system) and is sent to the PSA unit where most of this methane is recovered. Pro-

ce_,,",optimization results in the optimum permeate pressure of 41 psia; this must be recompressed,

but only to 275 psia, t_ing advantage of the pressure reduction which is necessary before entering
the PSA i,un _.

• The methane recovery resulting from this system is high, ove:' 93%; 53% in the membrane

residue and 40% in the PSA product stream. The PC for this system is $1.55/Mcf (Table V-4) and

the capital cost is $6.3 million. The membrane system accounts for 40% of the capital costs (two-

thirds due to tlm compressor), and PSA accounts for the remaining 60% (one-half because of the

compressor). The operating cost is $0.73/Mcf; because of the high methane recovery, only

,li $0.07/Mcf is due to unrecovered methane. Electricity accounts for $0.37/Mcf (30% for permeate

compression and 70% for PSA product recompression).

Fhe thermodynamic results are given in Table V-5; the electricity requirement is 24,800

Btu/Mcf. The high methane recovery results in a low waste gas volume ,. !rich is at moderate

pressure. Complete details of this evaluation are given in Appendix B.

HYB-3

In this configuration, the fact th,t the membrane process selectively removes N2 is taken

: advantage of to increase the recovery of the PSA system (Figure V-2). Stream conditions are_

given in Table V-9. Feed enters the PSA system first; the product stream leaving the PSA system

_ is recompressed to the feed pressure, and the N2-enriched waste stream is fed to 'he membrane

,_,nit. The PSA was!e _lream pressure is high enough that there is no need to compress it to a



Table V-8
STREAM CONDITIONS FOR N2 REMOVAL WITH HYB-2 TECHNOLOGV'

(basis: 8 MMcfd feed rate)

Stream*

(1) ,(2) (35 ._ (4) (55 (6)

Mole Fractions
N2 0.20 0.33 0,33 0.03 0.77 0.03
CH4 0.33 0.67 0.67 0,97 0.23 0.97

Total flow(Mcf/hr) 333 187 187 146 77 110

Temperature(°F), 60 19 100 60 100 100

Pressure(psia) 800 41 275 800 275 800

* Stream numbers refer to Figure V-2d,

Table V-9
STREAM CONDITIONS FOR N2 REMOVAL WITH HYB-3 TECHNOLOGY

(basis: 8 MMcfd feed rate)

Stream*

_ (3) . (4) (5) (6)

Mole Fractions
N2 0.20 0.32 0.75 0.03 0.92 0.66
CH4 0.80 0.68 0.25 0,97 0,08 0.34

Total flow (Mcf/hr) 333 447 177 270 64 113

Tem_oerature(°F) 60 60 60 1O0 51 60

Pressure (psia) 800 275 275 800 15 275

* Stream numbers refer to Figure V-2e.

=
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higher pressure before feeding it to the membrane. Since this waste stream is available at 275 psia,

but the overall waste stream needs only be at atmospheric pressure, this pressure differential can be

used as the driving force for the membrane unit. The membrane produces an N2-rich pemaeate

containing very little CH4 (only 8 tool%) and a CH4.-enriched residue stream that is recycled to the

PSA feed. Because the waste stream (the membrane permeate) contains little methane, the product

recovery for this system is very high (>98%).

The economics for this configuration are summarized in Table V-4. The PC is $1.92/Mcf

and the capital cost is $8 million; the membrane unit accounts for less than 5% of the capital cost.

Operating costs are $0.96/Mcf; $0.02/Mcf for unrecovered methane, and $0.59/Mcf for electricity

expenses.

The thermodynamic results are given in Table V-5; the electricity requirement is

39,900 Btu/Mcf. The high methane recovery results in a low waste gas volume which is at low

pressure, producing a small, negative Autil-(15,000 Btu/Mcf). Complete details of this evaluation

are given in Appendix B.

Comparison of Base Case Systems

Both the membrane and PSA technologies use pressure difference as the chiving force for

separation of N2 and CH4 by means of a separation agent (membrane material or PSA adsorbent).

However, a major difference between the technologies is that membranes use a separating agent

that is selective i:k:_x_N2 and, thus, removes N2 as a low presst,: e waste stream from the high pres-

sure feed. PSA, on the other hand, uses a separating agent that is selective for CH4 and, thus,

removes CH4 as a low pressure product stream fro_ the high pressure feed.

This difference has two major effects on the design of a separation syste" _, The first is

that, in either case, the quantity of separating agent needed is roughly proportional to the amount of

material removed by the separating agent; i.e., the membrane area needed is roughly proportional

to the amount of N2 to be removed, and the amount of adsorbent required for the PSA system is

roughly proportional to the anaount of CH4 to be removed. The implication of this is that mem-

branes will be favored when N2 is present in small quantities and PSA will be favored when CH4

is present in small quantities.

The second effect of using separating agents selective for different components is that the

membrane system results in a high pressure (800 psia) CH4-rich stream and a low pressure '

(.-.1atm) N2-_ich stream. With PSA, the opposite is true; the N2-rich stream exits at the higher
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pressure (275 psia) and the CH4 stream exits at low pressure (< 1 atm). The implication of this

difference is that, because the CH4 prod:ct stream is usually required at a high pressure (typically

between 300 and 1000 psia), recompression is required with the PSA system but not with the

membrane system; thus, membranes are favored if the required product pressure is greater than

atmospheric.

With these ideas in mind, it is obvious that the membrane system should be superior pro-

vided the performance of the PSA separating agent (adsorbent) is not greatly superior to the mem-

brane separating agent. (INis conclusion is not an intrinsic difference between membrane and PSA

systems; there are PSA "adsorbents that are N2 selective, just as there are membrane materials that are

CH4 selective.) The results of the base case evaluations (summarized in Tables V-4 and V-5) can be

rationalized in terms of the differences discussed above. The feed natural gas contains primarily

CH4 (20% N2), and the desired product pressure is high. These characteristics suggest a separation

process using a separating agent selective for N2 should be superior; and for the base case condi-

tions, the PC with the membrane process is approximately one-half that of the PSA system.

Of the hybrid systems, HYB-1 does not combine the two technologies in a synergistic

manner. The membrane is used to treat a stream with a higher N2 content than the PSA unit treats.

The fact that the membrane produces a high pressure CH4 stream is also wasted because the CH4-

rich stream leaving the membrane must have its pressure reduced before entering the PSA unit.

Thus HYB-1 combines the membrane and PSA technologies in a manner that brings out the worst

properties of each, and the resulting PC is higher than with either the membrane or PSA technolo-

gies on their own.

The two remaining hybrid systems, HYB-2 and HYB-3, do t_e advantage of each technol-

ogy's best properties; however, because the membrane technology is superic,: for the base case

applications, the PCs resulting from ttYB-2 and HYB-3 lie between the PCs for NH-MEMB and

NH-PSA. (As will be seen later,, under different conditions where the membrane does not have such

a clearcut superiority over the PSA system, the hybrid systems can result in PCs lower than that with

either of the two individual technologies.) HYB-2 reduces the cost of the PSA unit by drawing off a

large portion of the methane so the PSA system can be reduced in size. The amount of product gas

to be compressed is also reduced because the pipeline quality gas produced by the membrane does

not require recompression. The product recovery is also high with HYB-2, 93%; however, the capi-

tal costs are high, resulting in a PC: somewhat higher than that with NH-MEMB.
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The final hybrid configuration, HYB-3, resulted in very high product recovery (98%) but

also had the highest capital and electricity costs of any of the five systems. This system resulted in

a PC only slightly lower than that with NH-PSA.

EFFECT OF KEY PROCESS PARAMETERS

Many process- and application-specific parameters affect the outcome of the economic and

thermodynamic evaluations. Some of these parameters affect the different systems in such varied

ways that a change in one parameter will result in a reduced PC with one system, while the same

change will result in an increased PC with another system. We examined six of these parameters

that have a significant effect on the evaluations: feed composition, feed/product pressure, mem-

brane selectivity, membrane cost, electricity cost, and product recovery.

Feed Composition

Variations in feed composition affect the two technologies, membrane and PSA, in differ-

ent ways. With membrane technology, the :tmount of material that must be selectively removed

(N2) increases as the N2 content of the feed increases; however, the amount of methane that can

potentially be recovered is reduced. Thus, the equipr_aentcost for the separation is increased while

the amount of product to be recovered is reduced, resulting in an increase in PC as the N2 content

of the feed increases. For the PSA process, however, the equipment size is determined by the

quantity of methane removed; thus, as the N2 content of the feed increases, the total equipment and

operating costs are reduced, but so is the amount of product that can be produced to pay for these

costs. Thus, the overall effect of increasing the N2 content in the feed to the PSA process may be

either an increase or a decrease in PC.

Figure V-3a shows the effect of feed composition on the PCs for the five separation sys-

tems. For feed N2 contents between 10% and 40%, Nt-I-MEMB has the lowest PC of all systems

and HYB-1 has the highest. As expected from the above discussion, the PC resulting from NH-

MEMB increases as the N2 content increases; for NH-PSA, the PC also increases, but only grad-

ually compared with NH-MEMB. NH-PSA would have a lower PC than NH-MEMB if the feed

N2 content was above approximately 50%. Thus, membrane technology is favored for low N2

feed contents, while PSA is favored for high N2 contents.
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The PC for the three hybrid systems also increase as N2 content increases. HYB-3 has a

PC about 10% less than NH-PSA with 10% N2 in the feed, but has the same PC when the feed N2

content is 40%. PC with HYB-2 is about $0.50/Mcf more expensive than NH-MEMB for ali feed
concentrations.

Figure V-3b shows the effect of feed composition on Autil for the five separation systems.4

The results for NH-PSA, HYB- 1, and HYB-3 are practically identical because in these systems the

entire product steam must be recompressed. For HYB-2, some of the product stream is produced

al high pressure and does not require recompression; the fraction of product produced without

needing compression is a function of the N2 content in the feed. For NH-MEMB, no electricity is

required for N2 feed contents of 10% and 20% because only the first membrane is used. If the

feed contains 40% N2, however, the full three membrane configuration is used and Autil is greater

than zero. This graph shows that, in general, the PSA process uses much more energy than the

membrane process. The energy needed by the PSA process is essentially independent of the feed

composition, whereas the membrane process requires more energy as the N2 content of the feed
incr_,ases.

Feed/Product Pressure

The feed and product pressures also have a great effect on the performance of both mem-

brane and PSA processes. Although the feed and product pressure need not "alwaysbe the same

(in reality, many gas wells have a higher pressure than is needed for the pipeline, while many other

wells have a pressure lower than the pipeline pressure), for simplicity we have assumed them to be

equal. A high feed pressure reduces the membrane capital cost (because membrane area is approx-

imately proportional to feed pressure), but the feed pressure does not affect the PSA costs because

the feed pressure must be lowered to 275 psia no matter what the gas well pressure (unless the well

pressure is below 275 psia, which requires compression of the feed to 275 psia). Changing the

product pressure does not have any effect on the membrane system (because the product is 'always

produced at Lhefeed/product pressure), but it increases the PSA process costs (because the product

gas requires recompression from 275 psia to the desired product pressure).

Figure V-4a shows the effect of feed/product pressure on PC for the five separation sys-

tems. NH-MEMB has the lowest PC for pressures above ~ 300 psia; as the pressure increases the

PC for NH-MEMB drops. In contrast to NH-MEMB, PC with NH-PSA increases as the pressure
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increases; this is also the case with HYB-3, which is dominated by its PSA section. In general,

NH-MEMB has the lowest cost for high andmoderate pressures, while HYB-3 has the lowest PC

at low pressures.

Figure V-4b shows the effect o.¢feed/product pressure on Autil for the five separation

systems. Again, NH-PSA, HYB-1, and HYB-3 have practically identical results. The energy

usage by these three systen'ls increases as the feed/product pressure increases due to the greater

recompression requirements associated with the higher product pressures. For all pressures,

NH-MEMB uses only a single membrane and, thus, does not use any energy. HYB-2 uses some

energy for product recompression (from the PSA section only) and some for permeate recom-

pression. Thus, with low feed pressures, the permeate pressure used by HYB-2 is also low, and

the energy needed for permeate compression (the feed to the PSA section must be 275 psia) is

greater than with high feed pressures. .

Membrane Selectivity

The membrane selectivity is very important to the performance of the membrane system;

increasing the selectivity will increase the product recovery and reduce the membrane capital costs.

(As selectivity changes, we assume that the N2 permeability changes while the CH4 permeability

remains constant.) Figure V-5a shows the effect of membrane selectivity on PC for four separa-

tion systems. (HYB-1 is not considered here or in later evaluations because it is always more

expensive than any of the other systems.) NH-PSA is, of course, unaffected by the membrane

selectivity and HYB-3, which is predominantly a PSA system, is only slightly affected. HYB-2

and particularly NH-MEMB, however, are strongly affected by selectivity.

For NH-MEMB, the PC is reduced from $1.07/Mcf (for the base case) to $0 28/Mcf as the

selectivity is increased from 5 to 15. Although this reduction in PC is due in part to a reduction in

membrane capital cost, the primary cause is that the product recovery increases ft'ore 57% to 84%

reducing the unrecovered methane expense from $0.73/Mcf to $0.18/Mcf. If the selectivity is

reduced, however, the PC for NH-MEMB is greatly increased- to $3.82/Mcf with a selectivity of

2.5. For selectivities below ~4, the full NH-MEMB configuration using ali three membranes is

required to achieve the minimum PC. Thus, reducing the selectivi:y greatly increases the capital

cost for the system as well as reducing the p_oduct recovery (to 39% for a selectivity of 2.5).
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With HYB-2, the PC does not vary as much as with NH-MEMB, although qualitatively

they m'e affected similarly by changing the membrane selectivity. The difference between HYB-2

and NH-MEMB is that this configuration results in a high product recovery for all selectivities

(88% to 98% for selectivities from 2.5 to 15). Thus, the increase in PC with reduced selectivity is

due primarily to the increase in capital and operating costs of the PSA section (which performs a

larger portion of the separation at low selectivities). Irl general, NH-MEMB is best when the

membrane selectivity is above 4 and HYB-3 is best for selectivities below 4.

Figure V-5b shows the effect of selectivity on Autil. NH-PSA and HYB-3 have similar energy

requirements which are independent of membrane selectivity. At low selectivities, NH-MEMB uses

the full three membrane configuration and Autil increases rapidly as selectivity drops below 5; for sel-

ectivities of 5 and above, the single membrane configuration is used and Autil is zero. HYB-2 has an

Autil value between that of NH-PSA and NH-MEMB systems and increases as selectivity drops.

Membrane Cost

Two other membrane properties have a significant influence on separation system performance:

CH4 permeability and membrane cost. 'I'hese factors affect the membrane in the same way and, there-

fore, only membrane cost will be discussed. (The effect of N2 permeability can be obtained from the

results from varying membrane cost; i.e., a two-fold increase in membrane cost or a two-fold decrease

in CH4 permeability increases the membrane capital cost by a factor of two.)

Figure V-6a shows the effect of membrane cost on PC for the four separation systems. NH-

MEMB is affected the greatest of the four systems; a Sl/ft 2 change in membrane cost results in a

$0.24/Mcf change in PC. For membrane costs greater than $5/ft 2, NH-PSA results in the lewest PC

of all systems, while with lower membrane costs, NH-MEMB gives the lowest PC. Thus, for mem-

branes costing greater than $5/ft 2, the PSA adsorbent material has properties sufficiently superior to

the membrane material that PSA is preferred even though a process using a N2 selective separating

agent should be favored.

For high membrane costs, the operating conditions of the systems using membranes are

adjusted so that less membrane area is used at the expense of slightly greater energy use; membrane

cost has no effect on energy use with NH-PSA. These results are shown in terms of Autil in

Figure V-6b.
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Electricity Cost

Figure V-7 shows that electricity cost has a significant effect on NH-PSA but no effect on

NH-MEMB; doubling the cost of electricity increases thePC for NH-PSA by 30% over the base

case value. The two hybrid configurations fall between the two single-technology systems. If

conditions were such that NH-MEMB used the full three-membrane configuration, then electricity

cost would also have an effect on NH-MEMB. The cost of electricity has no effect on Autil for any

of the separation systems.

Product Recovery

The amount of methane recovered from the subquality feed is a process variable whose op-

timum value gives the best overall economic performance. Thus, the optimum value for product

recovery will depend on how the economic performance is evaluated. We chose to use PC as the

measure of economic performance; PC accounts for product recovery by charging an operating

cost for any unrecovered methane. Thus, the value charged for this unrecovered methane will

greatly influence both the optimum design of the separation system and the optimum product

recovery that gives the lowest PC.

Figure V-8a shows PC for the four systems with unrecovered methane values of $1/Mcf

(base case) and $2/Mcf. NH-MEMB has the lowest product recovery of any of the base case sys-

tems and is affected most by increasing the unrecovered methane value. PC with NH-MEMB

increases to $1.53/Mcf for an unrecovered methane value of $2/Mcf (from $1.07/Mcf for an unre-

covered methane value of $1/Mcf); the product recovery also in,_eases from 57% to 80%. To

achieve this higher recovery, the full three-membrane configuration is used in NH-MEMB.

NH-PSA is affected to a lesser extent than NH-MEMB because of its higher base case

product recovery. PC with NH-PSA increases from $2.03/Mcf to $2.21/Mcf when the unrecov-

ered methane value rises from $1/Mcf to $2/Mcf. The two hybrid processes which have high

product recoveries are not significantly affected by a change in the unrecovered methane value.

Changing the unrecovered methane value does not affect the operating conditions of any of

the separation systems except NH-MEMB; thus, the unrecovered methane cost affects only Autil

for NH-MEMB. When unrecovered methane is valued at Sl/ft 2, NH-MEMB uses only one mem-

brane and Autil is zero. How_,ver, at $2/ft 2, NH-MEMB uses the three-membrane configuration

requiring compression and re_;ulting in Autil greater than zero. These results are shown in

Figure V-8b.
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Summary of Process Parameter Resulls

In general, these evaluations have shown that several parameters can significantly affect the

performance of the hybrid and nonhybrid separation systems in various ways. Thus, to determine

which system is best, we must know the conditions for the appli_cation of interest. In general,

NH-MEMB is favored for feeds with low N2 co6tent and when the feed/product pressure is high;

what is meant by "low N2 content" or "high pressure" depends on the available membrane proper-

ties. When NH-MEMB is not the best system, HYB-3 usually givesslightly better performance than

NH-PSA (except when membrane cost is high). HYB-2 is more expensive than NIt-MEMB except

under a few conditions (low selectivity, high membrane cost) where another system usually has the

lowest PC of all.

In terms of energy use, NH-PSA, HYB-1, and HYB-3 have the largest Autil, and of the

parameters studied here, only feed/product pressure affects the resulting Autil. Autil resulting from

NH-MEMB is lowest and is affected by all parameters (except feed/product pressure), but most

strongly by membrane selectivity. HYB-2 has an Autil between that of NH-MEMB and NH-PSA

and is most strongly ",fffectedby membrane selectivity.

CONCLUSIONS

The separation system using membrane technology alone gives the best economic perfor-

mance for many of the cases studied here, primarily because of its simple operation; only a single

membrane is needed without recycle or compression, and the product stream is produced at pres-

sure. However, if the membrane properties are not as good as those used in the base case

assumptions, a more complicated membrane configuration is required, including recycle streams

and compression. This change significantly raises the membrane system's PC, and NH-PSA or

one of the hybrid systems had the best economic performance. Conditions such as high N2 con-

tent or low feed pressure also result in NH-MEMB having a higher PC than one of the other con-

figurations.

Using membranes always reduces the energy requirement because membranes produce a

high pressure product and, therefore, require no energy input (unless the three membrane configu-

ration is required, in which case, some energy is needed). In contrast, _he PSA process produces

the product at low pressure and requires a high energy input for recompression. Qualitatively, the
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Autil and PC results behave in a similar manner. MEMB usually has both lowest Autil and PC;

when Autil increases, PC also increases. Neither Aufil nor PC changes greatly for PSA, although

feed/product pressure has the greatest effect on both these results.

By examining how the separating agent of each technology performs the separation, we

have been able to identify which technology, PSA or membrane, should be "favored" to give the

best performance. However, if the favored process uses a separating agent with marginal proper-

ties, the unfavored process may give better system performance. It is in these situations, when the

favored process has marginal properties, that a hybrid system has the greatest chance of creating a

synergistic combination with better performance than either technology alone. This idea of a

favored process may be generalized to include other systems besides membrane/PSA.
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CHAPTER VI

CASE sTuDY 3 - CONCENTRATION OF KRAFT BLACK LIQUOR

Production of paper and paper products is one of the largest industries in the United States.

The pulp and paper industry is consistently one of the four largest energy purchasers in the United

States (along with chemicals, petroleum, and primary metals; Barron et al., 1987). A large por-

tion of this energy is used for separation processes. The Kraft pulping process was invented in the

late 1800s and now is the major pulping process used in the United States. In 1983 over 50 mil-

lion tons of pulp were produced, of which more than 75% was produced by the Kraft process. In

the Kraft process, pulping solution (known as white liquor consisting of inorganic chemicals such

as sodium sulfide and sodium hydroxide) is used to break down the wood. The resulting solution

contains primarily cellulose and lignin, plus the components from the pulping solution. The pulp

(primarily cellulose) is removed, l_:i_:avinga solution known as kraft black liquor (KBL). The KBL,
for both environmental and economic reasons, cannot be discarded, but must be recovered. The

lignin is burned and provides a considerable amount of energy for use in the pulp plant; the inor-

garlic chemicals remaining are too costly to replace and must be used to generate fresh pulping
solution.

Figure VI- 1 shows the major steps in the recovery of KBL. After pulping, the weak black

liquor is concentrated, typically by multieffect evaporation, and then burnt in the recovery furnace.

In the recovery furnace the remaining water is evaporated, lignin is combusted (providing energy

for steam production), and sulfur compounds that were oxidized during the pulping step are

reduced. Make-up chemicals (termed salt cake; primarily sodium sulfate) are added to the furnace,

and the molten chemicals are removed from the furnace where further processing produces the

white liquor used in the pulping step. In this study we examined the concentration step of this pro-

cess. Although this step is typically caxried out by evaporation, we considered several alternatives

including freeze concentration and reverse osmosis.

KBL concentration is only one energy constlmer in the overall paper making process; the

pulping step (which is performed at elevated temperatures), the paper production process, and mis-

cellaneous other uses (various heating and electrical requirements) also require considerable

amounts of energy. The pulp and paper mill also has a variety of energy sources available to it

such as the lignin in KBL, various wood scraps that can be used for energy production, and
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conventional fuels. Because the steam requirements of the plant are mostly low pressure (60 and

160 psig), high pressure steam produced in the recovery furnace and primary power boiler is used

to generate electricity and the low pressure steam leaving the turbine-generator supplies the plant

requirements. A typical heat balance is shown for a pulp and paper mill in Figure VI-2. The elec-

tricity generated is used in the plant, and any surplus or deficiency is made up by importing or

exporting electricity.

The high degree of energy integration in the plant requires us to consider the effect of

reducing the steam requirement of evaporation. Coleman (1986) performed such an an_ysis and

stated that a reduction of the steam needed in the KBL concentration reducted the required steam

output from the power boiler. This results in a savings in the purchased fuel needed for the pri-

mary power boiler but also a reduced electricity output. Whether the net effect on overall plant

economics is favorable depends on the price of fuel and the price of imported or exported electric-

ity. A complete analysis of this type is very site-specific and beyond the scopeof this study. We

assumed that the steam has a set value and did not include economic effects due to changes in elec-

tricity production.

We examined the use of two alternate technologies to evaporation for the concentration of

KBL. Evaporation is inherently energy intensive because of the high heat of 1aporization of water.

Use of multieffect evaporators minimizes the energy consumption, but it is still considerable,

Freeze concentration still requires a phase change; however, the heat of fusion of water is about

one-seventh that for vaporization; thus, considerable energy savings are possible. Reverse

osmosis requires no phase change at all; however, the feed liquid must be pumped to a high pres-

sure for the separation to take place and the energy needed in pumping reduces the energy savings

potential of this process.

Three hybrid systems using some or ali of these three technologies were compared with

conventional evaporation for KBL concentration: reverse osmosis followed by evaporation, freeze

concentration followed by evaporation, and reverse osmosis followed by freeze concentration fol-

lowed by evaporation. The results indicate that evaporation is the most energy intensive of the

three technologies; however, it uses the most economical power source (steam as opposed to elec-

laScity). Evaporation also has the lowest capital costs of the three technologies, and the overall cost

for KBL concentration is less with conventional evaporation than with any of the hybrid systems.
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PROCESS DESCRIPTION AND MODELING

In the liquor recovery process, the weak black liquor from the pulp mill contains 12% to

18%solids and must be concentrated to 45% to 70% solids. We assumed that the weak liquor

contains 15% solids and must be concentrated to 65% before combustion in the recovery furnace.

The temperature of the liquor exiting the pulp mill is typically between 160 and 180°F; we used

160°F. KBL is a mixture of many organic and inorganic compounds whose exact composition

varies depending on the feed materials and pulping conditions. A typical composition is given in

Table VI-1. The physical properties of KBL, svch as viscosity, specific gravity, vapor pressure,

and osmotic pr.;ssure can vary greatly' depending on the temperature and composition of the liquor

and can presentdifferent problems for each separation technology. For this reason it may be better

to combine the technologies in a hybrid system to benefit from their individual advantages. A

description of these technologies follows.

Evaporation (EV)

For KBL concentration multieffect, indirect-contact evaporators are typically used

(MacDonald and Franklin, 1971; Wenzl, 1967). A multieffect evaporator ;,ncreases energy

efficiency by using the vapor evaporated from the KBL to vaporize more KBL in a downstream

effect. A six-effect evaporator is illustrated in Figure VI-3. Steam enters the first effect,

vaporizing a portion of the KBL. This vapor goes to the second stage and vaporizes more KBL

(which is at lower pressure and temperature than the previous effect). Thus one pound of steam

can vaporize more than one pound of water. The approximate amount of water vaporized per

pound of steam is given below for evaporators with one to seven effects:

Pounds Water _ Btu (feed steam)
Number of Vaporized per Pound of

F.,Lf.g£_ Per pound Steam _/ater Vaporized

1 0.8 1,250

2 1.6 625

3 2.3 435

4 3.1 320

5 3.8 260

6 4.7 210

7 5.5 180
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Table VI-1
MAJOR COMPONENTS OF KRAFT BLACK LIQUOR

(Grace et al., 1977; Barron et al., 1987; Fricke, 1987)

Typi_pl Concentrations

Weight Percent Weight Percent
Qf Total Solids In _olutlon

Electrolytes

Sodium 12- 25 1.8 3.8

Potassium 0.1 - 2 .02 - .3

Carbonate 4- 6 0.6 - 0.9

Sulfur 2- 5 0.3 - 0.8

Other 1 0.2

25- 35 3.8- 5.4

Organic acids

Formic 3- 6 0.4 - 0.6

Acetic 3- 4 0,_'- 0.9

Lactic/glycolic 3- 5 0.4- 0,8

Iso-saccharinic _ 1.5- 1.7

i 20 - 30 3.1 - 4.6

Lignin 33- 45 5.0- 6.9

Other 6 0.9

Total 100 15.3
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Figure VI-3. Six-effect evaporator for KBL concentration.

VI-7



The steam consumption and installed capital costs used in this report were determined using

the curves given by Coleman (1986). For feed solids concentrations between 15 and 20% solids,

six effects were assumed; for feeds greater than 20% but less than 30%, five effects were used,

and for feeds greater than 30%, four effects were assumed. We assumed a labor requirement of

0.3 worker/shift independent of evaporator capacity.

The KBL can be concentrated to as high as 70% solids; however, the increased viscosity

presents difficulties for achievement of higher concentrations. The condensed vapor is very pure

(~ 10 ppm impurities) and can be used as boiler feed water.

Reverse Osmosis

Reverse osmosis (RO) has been used for a variety of water concentration/purificatior_ appli-

cations including applications in the pulp and paper industry (Bansal and Wiley, 1977; Wiley et al.,

1978; Maples and Lang, 1980; Olsen, 1980; Pepper and Tingle, 1983; J6nsson and Wimmerstedt,

1985; Sunavala, 1986). The concentration of KBL, however, has not been performed commer-

'_ cially by RO and is considered one of the most difficult RO applications in the pulp and paper in-

dustry. The difficulty lies in the high solids concentrations desired in the product. A high solids

concentration means that the osmotic pressure will be high and therefore the feed must be pumped

to a very high pressure. Several authors have suggested the upper bound for concentration of

KBL to be 20 to 25% solids (Pepper and Tingle, 1983; Sunavala, 1986).

The osmotic pressure of a solution can be estimated from its freezing point depression (the

difference in freezing temperature between the solution and the pure solvent; Denbigh, 1971):

T(T_-Tf)h_=

WT_f Tf (VI-1)

11
where

n = osmotic pressure (atm)

T = actual solution temperature (K)

T_ = freezing temperature of pure solvent (K)

Tf = freezing temperature of solution (K)

h = heat of fusion of solvent (J/mole)

V = molar volume of pure solvent (cc/mole).
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We used freezing point depression data (Johnson and Rhodes, 1985) to give the following

relationship between percent solids (PS) content of KBL and its osmotic pressure:

0.2963 T. PS

= 273.15 - 0.2963 PS (VI-2)

where r_is in atmospheres and T is in Kelvin. From Eqn. VI-2, a KBL solution containing 25%

solids at 160°F will have an osmotic pressure of almost 1700 psia. This pressure is very high for

membrane operation, and special modules may be necessary. (Most high pressure RO modules are

designed for seawater desalination and have a maximum operating pressure of 1,000 psia.) We
assumed that the maximum solids concentration achievable with a membrane is 25%. Aside from

operating at high pressures, the membranes must work at moderately high temperatures and at high

pH (KBL typically has a pH of 12 to 13). These are very tough conditions for a membrane, but it

is reasonable to believe such membranes could be produced if an effort was made.

Because few literature data are available dc_cribing the performance of RO membranes fer

concentrating KBL, we must estimate the rejection and flux characteristics of a membra_ae in this

application from data available from similar applications, The flux across the RO membrane was

calculated by:

Q = K (AP- A_) (VI-3)

Ar_= (_F + rtR)/2 - rtp (VI-4)

where

Q = flux (lb/hr- ft2)

K = permeability coefficient (lb/ft2 - hr- psi)

AP = average pressure differential across the membrane (psi)

Ar_ = average osmotic pressure differential across the membrane (psi)

_F = osmotic pressure of feed solution (psia)

_R = osmotic pressure of residue stream (psia)

r_p = osmotic pressure of permeate stream (psia).
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The value for K is a typical value taken from seawater desalination literature (Larson et al..

1982), 0.0134 Ib/ft2/hr/psi. We have specified a feed pressure sufficient to give a zXPof 400 psi.

The other important parameter used to describe membrane peiformance is the solute rejection (Sr),

defined as:

Sr = 1 -permeate-side solids concentration
feed-side solids concentration (VI-5)

To simplify mass balance calculations, we made the approximation that Sr is equal to the

ratio of leed-side to permeate-side percent solids. Although this approximation neglects changes in

solution specific gravity, because our solute values of Sr are only estimates, use of this approxima-

tion is acceptable. To obtain an estimate for Sr, we reviewed RO data from a wide range of solu-

tions. Seawater membranes, for which the most work has been aimed, achieve reje ' ,ns as high

as 99.8% for NaCI. Although sodium is one of the major components of KBL (see Table VI- 1)

there are many other components, each having a different rejection characteristic. Lignin, for

exmnple, can be removed by ultrafiltration (Hill, I987; K":kman et al., 1986) and therefore should

be completely rejected by an RO membrane. On the other hand, organic acids, another major com-

ponent of KBL, can have rejections as low as 34% (for the smallest acid, formic) to over 90% (for

acetic acid) from the same membrane (Toray). We chose to use a value of 98% for Sr; this value

reflects the high values that can be achieved with RO membranes, but is not at the very high end

because of the very broad range of compounds contained in KBL and because of the harsh condi-

tions under which the membrane must operate.

The minimum permeate concentration that can be achieved while producing a 25% solids

stream is 0.4% (with an Sr of 98%). This quantity of unrecovered solid is too great for an economic

process. Because the solids are regenerated to produce the pulping solution, any loss of solids

increases the amount and cost of make-up salt cake that must be added to the recovery furnace (see

Figure VI- 1). The lost energy sources (lignin) and disposal costs also contribute to making a per-

meate stream containing 0.4% solids uneconomical. Thus, a second RO stage is needed to produce a

final permeate stream that does not contain too much solid. We chose 300 ppm as our maximum

allowable solids content in the purified water stream leaving the membrane process; the cost of

replacing this amount of solid is small, and the purity requirement is not too difficult for the
membrane.

VI-10



The two-stage membrane process is shown in Figure VI-4. The KBL stream is concen-

trated from 15% to a maximum of 25% in the first stage, and.the solids co_lteqt of the water stream

is reduced to 300 ppm in the second stage. The residue stream leaving the second stage (which has

a solids concentration somewhere between the first stage feed and permeate ",alues) is recycled to

the first stage. The pressure in ti_econcentrated stream is dropped to 1 atm after leaving the mem-
brane.

Fouling is a potential problem in any RO application and would require careful design and

probably pretreatment to prevent complete incapacitation of the membrane. The maximum solids

concentration in the system of only 25% is a favorable factor. Proper pretreaunent of the feed, a

high feed velocity, and regular cleaning should minimize fouling problems.

The membr_e costs were calculated using the flux given by Eqn. VI-3 and a installed

membrane cost of $12/ft 2. A membrane life of two years was used with a replacement cost of

$5/ft2. These membrane costs were estimated from the January 1990 "components and services"

catalog of Applied Membranes, Inc., San Marcos, CA (Filmtec Model M-S8040-F). Capital and

operating costs of pumps were calculated by costing routines built into a commercial process

simulator (ASPEN/SP; Simulation Sciences, Denver, CO). We assumed a labor requirement of

0.2 worker/shift, independent of capacity.

The increased loss of sodium compounds over that lost in evaporation, although small, was

included by estimating the expense of purchasing salt cake to r,_',tkeup this loss. To estimate the

amount of salt cake needed to balance that lost in lhe membrane permeate, we assumed that the

smaller molecules are lost preferentially; thus we assumed that half the lost solids consists of

sodium. The cost of an equivalent weight of salt cake (Na2SO4) can then be determined. The

energy potential lost in the unrecovered lignin is assumed to be insignificant as are any disposal
costs.

Freeze Concentration

The concentration of KBL with freeze concentration (FC) has been studied by several

groups over the past 15 years (Wiley et al., 1978; Johnson and Rhodes, 1985; Coleman, 1986;

Barron et al., 1987). Freeze concentration is based on the phenomenon that as an aqueous solution

cools to its freezing point, virtually pure ice crystals form while the remaining solution becomes

more concentrated. Removal of the ice from the concentrated solution completes the separation.

The basic freeze concentration process is shown in Figure VI-5. Feed is precooled before entering

the crystallizer. After formation of ice in the crystallizer, the ice and concentrate are separated and

melted. The concentrate and melt are then used to precool the feed.
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As more water is removed through formation of ice, the freezing temperature drops. Because

of the increased concentration and lowered temperature, the viscosity of the solution increases to a

point where it is no longer possible to separate the ice from the concentrated solution and further

concentration of the KBL by freeze concentration is not possible. Thus, the maximum achievable

concentration is 40 to 45% solids. We assumed that the maximum value is 45%.

Although in theory the ice melt should contain no impurities, in practice it contains about

300 ppm solids. This solids loss must be considered in light of both a waste disposal problem and a

resource (lignin and sulfur compounds) loss. Because the impurity level is quite low, we assumed

that the water does not incur a disposal charge. The increased loss of lignin and sulfur compounds

over that lost in evaporation is accounted for in the same manner as for reverse osmosis.

The electrical power requirements and installed capital costs were taken from the curves given

by Coleman (1986), We assumed a labor requirement of 0.5 worker/shift, independent of capacity.

Hybrid Processes

Although either RO or FC may have an advantage over EV in terms of energy use or cost,

neither is suitable on its own because the desired solids content (65%) cannot be obtained. Thus, a

hybrid system might be used to obtain the advantages of the membrane or the freeze concentrator,

while still achieving the desired concentration. Several possible hybrid systems use some or ali of

the three technologies; these hybrids are shown in Figure VI-6. To determine the thermodynamic

and economic performance of these hybrids, we combined the methods used above to describe

each technology individually.

THERMODYNAMIC EVALUATION

The thermodynamic result reported here is the change in availability of the utility streams,

Autil. The results are reported with respect to the dimensionless "thermodynamic extent of

separation," C, defined as the change in availability (evaluated at a single value for temperature and

pressure) of the product and feed streams surrounding a section of the process. Because three

technologies are considered, we define CRO, CFC,and eEV, which refer to the reverse osmosis

membrane, freeze concentration, and evaporation sections of the process.

Because KBL is a complex mixture, we calculated availability changes using the simplified

= equation for an ideal solution, assuming that KBL consists of only two components, solids and
m

water. Thus, C is determined by
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¢i = Z [Ys'In(YS)+Yw'ln(Yw)] " Z [Ys'ln(Ys)+Yw'ln(Yw)]
PRODS FEEDS (VI-6)

where FEEDS and PRODS refer to the entering and exiting streams of section i (RO, FC, or EV) of

the separation process, and YS and YW refer to the mole fractions of solid and water, respectively.

To determine mole fractions from mass fractions, we used a molecular weight for the solids of 75.

This molecular weight was calculated from freezing point depression data using the following

approximation for ideal solutions to obtain the mole fraction corresponding to each mass fraction:

In (Yi) = h (1/Tr- 1/Tf*)/R (VI-7)

MWs = (Yw MWw / Zw- YW MWw ) / (1-Yw) (VI-8)

where R is the gas constant, MW is a molecular weight, and Z is a mass fraction. The relationship

between _ and PS is shown in Figure VI-7.

ECONOMIC EVALUATION

The processing cost (PC) is defined as dollars per 1,000 pounds of feed KBL processed.

Membrane costs were calculated using a membrane cost of $5.00/ft 2. An installation factor of 2.4

was used for the initial installation only; a membrane lifetime of two years was used. The remain-

ing equipment costs were calculated by standard methods. Utility expenses are based on a steam

cost of $2.00/1,000 lb (at 60 psig), an electricity cost of 5 cents/kWh, and a cooling water cost of

5.7 cents/I,000 gal. Table VI-2 lists the specific parameters used in the economic evaluation.

BASE CASE EVALUATIONS

For each of the four configurations, we specified a number of process parameters to define

a base case system. For ali configurations, the base case feed and concentrate streams are essen-

tially identical, while the purified water streams are slightly different CO0 ppm solid in water

stream from RO and FC, but only 10 ppm from EV). For the base case RO/EV system, the mem-

brane concentrates the KBL to 25% solids and evaporation completes the concentration. For the
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Table VI-2
ASSUMPTIONS USED IN ECONOMIC EVAI.UATIONS FOR KBL CONCENTRATION

(Basis: 990,000 Ib weak KBL/hr; 750 TPD pulp)

Plant facilities investn=ent (PFI)

Installed membrane system cost $12.00/ft 2

Replacement membrane cost $5/ft 2

Membrane life 2 years

Utility and operating costs

Steam (75 psia) $2.00/1,000 Ib

Electricity 5C/kWh

Cooling water i 5.7¢/1,000 gal

base case FC/EV system, the FC concentrates thr, KBL to 45% solids and EV completes the con-

centration. For the base case RO/FC/EV system, the membrane concentrates the KBL to 25%

solids, FC to 45% solids, and EV completes the concentration. The weak KBL feed rate is

990,000 lb/hr, typical of a pulp mill with a pulp capacity of 750 tons per day (TPD).

Evaporation

The stream compositions and conditions for the base case EV configuration are given in

= Table VI-3. The concentrate contains 65% solids while the purified water contains 10 ppm solids.

The energy requirements for this configuration are shown in Table VI-4; 147 MBtu per 1,000 pounds

of weak KBL feed (44.3 on availability basis) must be supplied from steam. The economics of this

, configuration are summarized in Table VI-5. The PC is $0.54/1,000 lb, over 60% of which is due to

steam expenses. Capital costs for the evaporator are $3.6 million. Details of this evaluation are

included in Appendix C.
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Table VI-3
STREAM CONDITIONS FOR KBL CONCENTRATION WITH

EVAPORATION TECHNOLOGY ALONE
(Basis: 990,000 Ib/hr weak KBL; 750 TPD puip)

_tream*
, (1) ,,, (2) (3)

Mass fractions

Solids O.15 10 ppm 0.65
Water 0.85 1.00 0.35

Total flow (1,000 Ib/hr)
990 762 228

Temperature (°F) 180 180 180

Pressure (psia) 15 15 1 5

* Stream numbers refer to Figure VI-6.
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Table VI-5
ECONOMIC RESULTS FOR KBL CONCENTRATION WITH HYBRID PROCESSES

(Basis: 990,000 Ib/hr weak KBL; 750 TPD pulp)

Process
RO/FC/EV

RO/EV FC/EV (_RO = 0.282;
EV r (_RO = 0.282) (_FC = 0.67) _FC = 0.388)

Capitalcosts(SU.S. millions)
RO unit 0.0 2,45 0.0 2.45
Freeze concentrator 0.0 0.0 16.8 7.65
Evaporator 3 60 2.31 1.21 1.21
General services 0.54 0.71 _.?,,Z.O. 1.70

Total 4.14 5.47 20.72 13.01

Operating costs ($/I ,000 Ib
weak KBL)

Labor cost 0.028 0.040 0.1 24 0.091
Steam cost 0.326 0.187 0.0 73 0.073
Electricity cost 0.000 0.130 0.328 0.262
Other ._Q,.Q29. 0.044 0,146 0.098

Total 0.383 0.401 0.671 0.523

Total processing cost ($/1,000 0.54 0.65 1.34 1.01
Ibweak KBL)
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Reverse Osmosis/Evaporation

The stream compositions and conditions for the base case RO/EV configurationare given in

Table VI-6. The first stage n,zmbrane feed must be pumped to a high pressure (1756 psia) to over-

come the osmotic pressure of the solution. The first stage produces the 25% concentrate; however,

the resulting permeate contains 0.4% solids and is sent to the second stage for final purification.

The second stage feed requires compression to only 518 psia because the osmotic pressure it must

overcome is small. The second stage produces a purified water stream containing 300 ppm solids

and a residue stream containing 2.6% 'solids; the residue stream is recycled to the first stage. The

concentrate leaving the membrane section is concentrated to its final value by evaporation. The RO

secdon accounts for 52% of the water removed during concentration.

In terms of energy requirements (Table VI-4) this configuration is ,,uperior to the evapora-

t-ion-only configuration; the RO/EV configuration requires 8.9 MBtu electricity (RO section) and

84.6 Mi3tu steam (EV section) per 1,000 lb of feed KBL. A reduction in steam requirement of

63 MBtu/1,000 lb over evaporation alone is gained by adding the membrane at a cost of only

9 MBtu/1,000 Ib electricity. (The total energy required in terms of availability is 34.3 MBtu/

1,000 lb, 10.0 MBtu/1,000 lb less than the eva:Joration alone.)

The economics of RO/EV are summarized in Table Vi-5. Although the evaporator capital

cost is less than for evaporation alone, the total capital cost is increased by 32%. The energy

requirements are reduced, but the total energy costs are almost the same and total operating costs

are slightly greater than EV alone. The resulting PC is $0.65/1,000 lb, 21% greater than for EV

alone. Details of this evaluation are included in Appendix C.

[] Freeze Concentration/Evaporation

The stream compositions and conditions for the base case FC/EV configuration are given in
=

Table VI-7. The feed stream is first sent to the FC unit where it is concentrated to 45% solids pro-

ducing a purified water stream containing 300 ppm solids. Evaporation is used to achieve the final

KBL concentrate. The FC section accounts for 87% of the water removed during concentration.

In terms of energy requirements (Table VI-4) this configuration is superior to either of the

previous configurations; FC/EV requires 22.3 MBtu electricity (FC section) and 33.2 MBtu steam

- (EV section) per 1,000 lb of feed KBL. A reduction in steam requirement of 114 MBtu/1,000 !b
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Table VI-7
STREAM CONDITIONS FOR KBL CONCENTRATION WITH

FREEZE CONCENTRATION AND EVAPORATION TEr. rlNOLOGY
(Basis" ¢FC = 0.670; 990,000 lh/br weak KBL; 750 TPD pulp)

tt

Stream

(1) (2) (3) (4) (5) ......

Mass fractions
Solids 0.150 300# 0.450 10# 0.650
Water 0.850 1.000 0.650 1.000 0.350

Total flow
(1,000 Ib/hr) 990 660 330 101 228

Temperature (°F) 180 150 180 180 1.80

Pressure (psia) 15 15 15 15 15

* Stream numbers refer to Figure VI-6.
# Partsper million(ppm).

over evaporation alone is gained by adding the FC section at a cost of only 22 MBtu/1000 Ib

electricity. (The total energy required in terms of availability is 32.3 MBtu/1,000 lb, 12.0 MBtu/

1,000 lb less than the evaporation alone.)
=

The economics of FC/EV are summarized in Table VI-5. Although the evaporator capital

cost is reduced by two-thirds, the FC is very expensive ($17 million) and the total capital cost is

increased by a factor of five over evaporation alone. The energy requirements are less than those for

evaporation alone, but using the more expensive electricity results in a 25% increase in total energy

costs, and total operating costs are almost doubled. The resulting PC is $1.34/1,000 lb, more than

double that of either EV or RO/EV. Details of this evaluation are included in Appendix C.

- Reverse Osmosis/Freeze Concentration/Evaporation

: The stream compositions and conditions for the base case RO/FC/EV configuration are

- given in Table VI-8. The membrane system is identical to that described for RO/EV: a 25% con-

centrate stream and a purified water stream containing 300 ppm solids. The concentrate leaving the

membrane section is further concentrated by FC to 45% solids (also producing water containing_

=
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300 ppm solids). Evaporation is used to achieve the final KBL concentrate and is identical to that

described for FC/EV. The RO and FC sections account for 52% and 35%, respectively, of the

water removed during concentration.

In terms of energy requirements (Table VI-4), this configuration is superior to any of the

three configurations discussed above; it requires 17.8 MBtu electricity (RO and FC sections) and

33.2 MBtu steam (EV section) per 1,000 lb of feed KBL. A reduction in steam requirement of

114 MBtu/1,000 lb over evaporation alone is gained by adding the RO and FC sections at a cost of

only 18 MBtu/1,000 lb electricity. (The total energy required in terms of availability is 27.8 MBtu/

1,000 lb, 16.5 MBtu/1,000 lb less than the evaporation alone.) Comparison of these results with

those of FC/EV indicates that RO uses less energy per unit of water removed and results in greater

overall energy savings than FC.

The economics of RO/FC/EV are summarized in Table VI-5. The FC capital costs are still

the major portion of the total capital cost ($13 million). Although the energy requirements are low-

est of 911configurations, the total energy costs are higher than 'all but FC/EV. The resulting PC is

$1.01/10001b which is less than FC/EV but still much greater than either EV or RO/EV.

Comparison of Base C,ase Systems

In comparing these fouc base case configurations, it is obvious that EV is superior economi-

cally to the other configuration,,, even though it consumes the most energy. This is the result of two

factors. First, electricity is more expensive per Btu than steam. Thus, reducing overall energy con-

sumption by replacing steam with electricity will not necessarily result in a decrease in total energy

expenses. Second, although energy consumption is reduced by addition of RO or FC, the increased

capital expenses more than offset any savings in energy expenses, particularly when FC is used.

Details of this evaluation are included in Appendix C.

EFFECT OF THERMODYNAMIC EXTENT OF SEPARATION

Although it was shown in the previous section that EV is economically best of the base case

configurations, there may be other conditions where one of the hybrid systems is superior. To

examine these conditions, we varied the amount of separation performed by each technology

within allowable limits. The PCs resulting from these calculations are shown in FigureVI- 8 for

various values of solids concentration (weight percent) leaving the RO section (PSRo) and FC

section (PSFc).

'qi-26



1.40 '. , .. , • , • , • I • , , , . , . , .

PS FC = 45

PS FC = 40

1.20 PS FC = 35

..-. PS FC = 30
133

1.00

"---- 0.80 PS FC = 25
PS FC = 20o

13_

0.60
No FC

EV Only

0.40
15 16 17 18 19 20 21 22 23 24 25

PSRO
RAM-6519-43
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In this figure, the lowest curve represents PC when RO/EV is used (no FC), the vertical

axis represents FC/EV, and the remaining curves represent RO/FC/EV. Evaporation is represented

by the point where the RO/EV curve meets the verticle axis. (The broad bands representing PSFc

equal to 20 and 30 reflect the discontinuity in costs that occurs because the number of effects used

in the evaporator is changed at these points.) The graph shows a sharp cost increase between

PSRO of 15 (no membrane) and 16 because no matter what amount of water is removed by the RO

section, the sizes of the pumps are relatively constant; therefore, as soon as any membrane is used

(even if to remove an infinitely small amount of water), the PC increases sharply because of the

capital and operating cost of the pumps. (The same reasoning explains the sharp decrease in PC as

PSRO _pproaches PSFc on two of the _,urves.)

Figure VI-8 shows that increasing the separation due to FC at the expense of either EV or

RO results in an increase in PC. The initial addition of RO results in a sharp increase due to pump

costs; however, further increases in the amount of separation due to RO result in significant reduc-

tions in PC when FC is replaced, but only slight reductions when EV is replaced. Thus, if a mem-

brane is to be used at all, it should be used to remove the maximum amount of water possible.

Figur e VI-8 shows that evaporation alone has the lowest PC of ali possible configurations.

Figure VI-8 was drawn using PSRO as the independe_at variable; however, there are three

possible independent variables: one to indicate the amount of the separation performed by each of

the three technologies. These values are _RO, _FC, and _EV described previously. (Actually only

two of these are independent since the sum of the three must equal one. _RO and qbFCare transfor-

mations of PSRO and PSFc.) Thus, for every set of _RO, _FC, and ¢_EV,there is a single value of

PC and AutiI associated with it.

To display the complete set of independent variables, we have used a triangular diagram, as

shown in Figure VI-9. Each vertex represents a single technology, while each side represents a

two-technology hybrid using the technologies represented by the adjoining vertices. The region

inside the boundaries represents hybrids using ali three technologies. Results (PC and Autil) are

represented as contours on the diagram (not shown here). The shaded region represents combina-

tions that are not allowed (_RO cannot be greater than 0.282 [PSp,o = 0.25] and the sum of _RO

and _FC cannot be greater than 0.670 [PSFc = 4 5]). The shaded lines at _EV equal to 0.845 and

0.608 are where discontinuities in the curves occur because the number of effects used in the

evaporator is changed at these points.
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economic results.
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Figure VI-10 shows PC for the four systems on the triangular diagram (only the allowable

region is shown). Again, the sharp increase in PC can be seen when a ORObecomes greater than

zero. The triangular diagram shows that the fastest way to reduce PC, at least at the bottom of the

diagram, is to increase eEV while reducing q_FC(_EV is constant); this is more effective than

increasing eEV and holding _RO constant. Towards the top of the diagram, PC can be changed

most quickly by increasing both eEV and CRO together.

Figure VI-11 shows Autil as a function of ORO,CFC, and OEV. This figure shows that the

fastest changes in Autil can be obtained by increasing CRO while reducing eEV (q)FCis constant).

This means that, as was shown for the base case, RO uses the least energy, and evaporation uses

the most. (Actually, the most energy is used by an RO/EV hybrid with CROjust greater than zero

because of pump expenses, as explained above.)

EFFECT OF KEY PROCESS PARAMETERS

The results so far indicate that although EV uses more energy than any of the three hybrid

processes, it results in a PC 20% less than the next best system (RO/EV). However, several

process and economic parameters will have an effect on these results, possibly to such an extent

that a hybrid would be cheaper and more energy efficient than EV. The most important of these

variables are the membrane solute rejection and membrane cost and the energy costs (steam and

electricity). The effect of varying these parameters on the thermodynamic and economic

evaluations is examined in the following sections.

Solids Rejection

The effect of varying the solids rejection Sr on PC and Autil is shown in Figures VI- 12 and

VI-13; the base value for Sr that we used previously was 0.98. Reducing this value to 0.96 has a

significant effect; the PC is increased by .-.50% and Autil i _'easesby 25% when the maximum

permissible amount of water is removed by RO (qbRO= 0.282). However, increasing Sr to 0.99

does not result in a corresponding decrease in PC and Autil. In fact, these results are essentially

unchanged by increasing Sr to 0.99. This outcome occurs because the primary effect of Sr is to

vary the flow rate of the recycled residue stream. The recycle stream flow is 7% of the feed value

when Sr has the base case value of 0.98. Increasing Sr to 0.99 reduces the recycle flow rate to 1%

of the l_eedvalue. Although this is a seven-fold decrease, it does not produce a large change in the
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Figure V]-12. Effect of solute rejection on PC for KBL concentration (RO/EV).
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flow rates of the other streams in the system, If Sr is reduced to 0,96, however, the recycle flow

rate increases to 119% of the feed stream value, and all other streams in the system have corre-

spondingly greater flow rates; thus, a large increase in PC results.

Although these results indicate there is no advantage to increasing Sr, if the increase were

enough that the separation could be accomplished in a single stage and consumption of electricity

could be reduced by about 10% (for _RO = 0,282), the PC would be reduced to about the same

value as resulted from EV. However, to achieve the separation in one stage would require a Sr of

0.9985. Membranes with properties similar to this have been developed for seawater desalination,

however, it is unlikely that this Sr could be achieved under the difficult conditions of KBL

concentration.

Membrane Cost

Figure VI- 14 shows the effect of membrane cost on PC for costs of 2.50, 5.00 (base case

value), and 10.00 S/ft2. Doubling the membrane cost increases PC by 25%, while halving the cost

results in a 10% reduction in PC (for qbRO= 0.282). This figure suggests that membrane costs of

~$1.00/ft 2 would be required for RO/EV to be economically competitive with EV. (Autil is unaf-

fected by membrane cost and, therefore, is not shown.)

Steam Cost

The value of steam can vary considerably in integrated pulp and paper mills. The internal

energy balance of the plant may be such that an excess of the low pressure (60 psig) steam is

already available and no savings would be gained by reducing steam consumption. Other factors

affecting the steam value are fuel cost and electricity cost (for import to or export from the plant),

which are specific to each plant.

Figure VI-15 shows the reduction or increase in PC for steam costs different from the base

value of $2/10001b (Autil is unaffected and, therefore, not shown). If steam has no value PC for

EV is reduced by two thirds to $0.18/1,000 lb. Since steam cost does not affect either RO or FC,

the greatest savings from a steam cost reduction occur when only EV is used; on the other hand, if

steam costs are increased, the greatest increase in PC also occurs with EV. However, if steam costs

are increased to $5/1,000 lb, EV results in a PC of $1.06/1,000 lb while RO/EV (qbRO= 0.282)

results in a PC of $0.95/1,000 lb. To summarize, a decrease in steam cost will make EV even more

favorable, while an increase will make EV less favorable; if steam cost is $5/1 ,(XX)Ib, RO/EV has a

PC 10% less than EV.
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Electricity Cost

Figure VI-16 shows the effect of electricity cost on PC for RO/EV and FC_V (Autil is unaf-

fected and, therefore, not shown); electricity costs of 2.5, 5.0 (the base value), and 10.0 cents/kWh

were used. Since EV does not use electricity, changes in electricity cost have the greatest effect

when _FC is least. Even with the low electricity cost, FC/EV was always more expensive than either

' EV or RO/EV. Although the difference is lessened, EV still has a lower PC than RO/EV even with
l

the low electricity cost; for RO/EV to have the lower PC, the electricity cost would need to be less

than 1.0 cent/kWh.

CONCLUSIONS

In this case study, kraft black liquor (KBL) is concentrated by one or more of three tech-

nologies: evaporation (EV), reverse osmosis (RO), and freeze concentration (FC). The economic

evaluations show that EV alone has a lower processing cost (PC) than any of the hybrid systems,

RO/EV, FC/EV, or RO/FC/EV. In terms of thermodynamics, however, EV has the highest energy

and availability consumption. Evaporation has the lowest PC despite the greatest energy con-

sumption is because of its low capital cost and cheap energy source (low pressure steam as

opposed to electricity) compared with FC or RO. This is the first case study in which the lowest

PC resulted from use of the highest energy consuming technology, lt is important to understand

why this result occurs in terms of thermodynamic and economic interactions if useful guidelines

concerning the use of hybrid systems are to be developed.

The evaluations of the four base case KBL concentration systems show that EV has the low-

est PC, $0.54 per 1,000 lb weak KBL. Of the hybrid processes, RO/EV has the lowest PC ($0.65

per 1,000 lb weak KBL) followed by RO/FC/EV and FC/EV (1.34 and $1.01 per 1,000 lb weak

KBL, respectively). In terms of energy, EV has the greatest availability consumption (44.3 MBtu

per 1,000 Ib weak K,.nL); the hybrid processes consume 27.8, 32.3, and 34.3 MBtu per 1,000 lb

--: weak KBL for RO/FC/EV, FC/EV, and RO/EV, respectively. In terms of individual technologies,

the order of avai!ability consumption is RO < FC < EV. The thermodynamic and economic results

for the base case evaldations are summarized in Tables VI-4 and VI-5.

Varying the extent of separation performed by FC, 0FC, showed no surprises: as q)FC

increases, both PC and Autil also increase. When RO is added to a separation process, however,

there is a sharp increase in cost and energy consumption even if the RO unit performs a very small

fraction of the total separation (ORO~ 0). This sharp increase occurs because the entire feed

-
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to the membrane must be pumped to a high pressure no matter what fraction of the feed is actually

removed by the membrane; the pumping requirements can be a significant portion of the capital and

operating costs for the RO section. Thus, after an initial sharp increase in cost and energy consump-

tion, the cost for removing additional water by RO is comparatively low and the PC of hybrid sys-

tems drops; however, PC never drops to the level of EV alone.

Several other process parameters were examined for their effect on the economic and ther-

modynamic evaluations: membrane solids rejection (Sr), membrane cost, steam cost, and electric-

ity cost. For EV,rP,O; a reduction in Sr from 0.98 to 0.96 results in significant increases in both PC

and Autil; conversely, an increase in Sr to 0.99 had a negligible effect on both PC and Auti1.

(However, if Sr can be increased above 0.998, the number of RO stages can be reduced from two

to one and FC would be reduced to approximately that of EV alone.)

The membrane cost has a significant effect on PC, but no effect on Autil. Doubling the

membrane cost (from 5 to $10/ft 2) increased PC for RO/EV from $0.65 to $0.79 per 1,000 lb

weak KBL; to reduce the PC to the level attained with EV alone, a memorane cost of ~Sl/ft 2 would

be required.

The cost of steam h a major influence on the cost for EV whether as a stand alone system

or combined with either RO or FC as a hybrid system. For EV alone, steam represents the major

operating expense and accounts for over 60% of the total PC. If steam cost were increased to

$5/1,000 lb (from a base case value of $2/1,0001b), the PC for EV alone would be doubled to $1.07

per 1,000 lb weak KBL, while RO/EV would be increased to $0.95 per 1,000 lb weak KBL. Thus,

at a site where steam has significantly more value than we assumed in this evaluation, the RO/EV

hybrid system could be less expensive than EV. (Hybrid systems involving FC would not be less

expensive unless steam costs approached $7/1,0001b.) On the other hand, at sites where steam has

less value than we assumed, the PC advantage of EV alone over the hybrid systems will be even

greater than that of the base case.

Since EV does not require electricity, variations in electricity cost affect only systems that

include RO and FC technologies. Electricity costs would have to be reduced to ,--1cent/kWh before

RO/EV would have a lower PC than EV alone, while even with free electricity, FC/EV would still be

more expensive than EV due to the high capital costs of FC.

To summarize, EV alone, although the greatest energy consumer, has the lowest PC because

of its low capital cost and inexpensive energy source. Although RO/EV does have lower energy

consumption and expenses, the PC is higher than EV alone because of RO's higher capital costs.
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certain conditions, the RO/EV system might be the preferred system; these conditions include high

membrane performance or low membrane cost, high steam cost, and low electricity cost. Addition

of FC to EV will also lower energy use, but greatly increases capital costs; FC/EV would be pre-

ferred only if the capital costs of FC could be reduced by a factor of five or ten.
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CHAPTER VII

CASE STUDY 4 - SOLVENT DEASPHALTING

In petroleum refining the primary method for separating the crude petroleum into its various

fractions is distillation. Distillation at atmospheric pressure is used for the initial separation, and

the various fractions are either further processed or sold as finished products. The heavy stream

leaving the bottom of the atmospheric column is further distilled under vacuum in the vacuum still.

The bottoms stream leaving the vacuum still (the vacuum resid) consists of asphalts and lighter oil

components. To separate these two components, this stream can be further treated by a process

known as solvent deasphalting (Berridge, 1973; Billon et al., 1977; Penning et al., 1982; Sher-

wood, 1978). In this process the vacuum resid is mixed with a light paraffin solvent (such as

propane, butane, pentane) in a contacting column. The mixture separates into two phases, one

containing asphalt components and the other containing deasphalted oil (DAO). The solvent is

recovered from both phases and recycled, resulting in two products: asphalt and deasphalted oil.

The solvent deasphalting process is shown schematically in Figure VII-1. The deasphalted

stream leaves the top of the colum:,aand enters the primary solvent recovery section where most of

the solvent is removed. Traditionally, this solvent recovery is accomplished by evaporation, either

by heating the feed or lowering the pressure or a combination of both. The oil stream leaving this

section still contains a small fraction of solvent that is removed by steam stripping. The asphalt

stream leaving the bottom of the extraction tower undergoes a similar purification process.

We exaunined one section of this process: the primary solvent recovery from the oil stream

leaving the top of the column. As an alternative to evaporation, which can be very energy inten-

sive, ultrafiltration membranes have been suggested for separation of the solvent ft'ore the oil.

Because no phase change occurs, there is a great potential for reduction in energy consumption and

overall cost over evaporative techniques.

The results tbr the base case system show that the lowest overall cost occurs when a por-

tion of the separation is performed by the membrane and the remainder by evaporation. However,

if some form of heat recovery is used in the evaporation section, less membrane is needed to

achieve the lowest cost; conversely, if the membrane properties are improved, more membrane is
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needed. In ali cases the lowest energy use occurs by using the maximum amount of membrane

technically possible. The capital costs of the membrane, however, more than make up for the

energy savings if too much membrane is used.

PROCESS DESCRIPTION AND MODELING

Many commercial processes use evaporation for solvent recovery including Demex (UOP,

Inc.), ROSE (Kerr-McGee), and others (Hydrocarbon Processing, 1986). The solvents used vary

from process to process and from application to application. Three- to seven-carbon paraffins, as

pure solvents or as mixtures, are typically used. The use of different solvents will result in differ-

ent DAO recoveries and qualities, as well as different process operating conditions and economivs

(Sprague, 1986).

Although the various available processes differ in some respects, the basic idea behind all

of them is to remove the solvent from the DAO by vaporizing the solvent. The solvent is con-

densed and recycled back to the extraction tower. Because the energy for evaporation of the sol-

vent is a major expense, many processes use some form of heat recovery (i.e., the condensing

stream is used to heat the vaporizing stream). Heat recovery can be achieved through vapor

recompression, by vaporization at high temperature, and by other methods.

Because of the high energy requh'ements of vaporization, membrane separation (ultrafil-

tration) looks attractive for this process. Membranes typically have a lower energy consumption

because they do not require a phase change. Previous laboratory studies, however, have shown

that membranes can make only a partial separation of the oil/solvent mixture (Kulkarni et al., 1985;

Li et al., 1984; Li et al., 1985; Li et al., 1987). If the solvent content of the mixture falls below

60% (by weight), the fluid viscosity becomes too great to allow flow through the membrane mod-

ule. fl"his value for the limiting solvent content, although in reality a function of the particular

vacuum resid and solvent used, was used throughout our evaluations.) Thus, a membrane alone is

not a practic',d option for this separation but must be combined with evaporation as a hybrid pro-

cess. Not only does the membrane produce a partially concentrated oil stream, but also some of

the oil permeates across the membrane along with the solvent, producing an impure solvent stream.

This stream is recycled to the extraction column with the result that a larger tower is needed to get

the same product purities. Thus, inclusion of the membrane requires changes to the size of the

extraction tower, and thus the extraction tower must be included in the analysis.
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The shaded portion in Figure VII-1 contains those units included in our analysis of solvent

deasphalting. The other units, primary solvent recovery on the asphalt stream and the final solvent

recovery units, are unaffected by inclusion of the membrane and were not included in the analysis.

The base case feed will be a stream entering the recovery section (leaving the top of the extraction

tower) containing 15% DAO with propane as the _lvent. The stream temperature is 160°F and the

pressure is 435 psia, conditions typical of solvent deasphalting processes. We also specify that the

DAO stream leaving the primary recovery section has the same flow rate and composition

(105,300 lb/hr; 95% by weight DAO) for ali processes. The temperature and pressure, however,

are free to vary depending on the operating conditions that result in the lowest overall cost.

Evaporation Process

The evaporation process is shown in Figure VII-2. The stream leaving the top of the

extraction column is heated (optionally by a heat recovery unit) and flashed, producing a liquid

stream enriched in DAO anda vapor stream containing almost pure solvent. The temperature of the

heated stream is adjusted to give a 95% DAO liquid. The flash pressure is varied to give the lowest

overall cost, but must be high enough that the solvent condensation temperature is greater than the

cooling water outlet temperature (115°F). The condensed vapor is then recycled to the extraction
tower.

The process was modeled with a commercial process simulator (ASPEN/SP, JSD Simula-

tion Service, Denver, CO) using the Peng-Robinson equation of state. Properties of the DAO were

estimated using a proprietary method (Oleson and Assoc.) based on distillation data provided by an

industrial petroleum refiner. (The distillation data are given in Appendix D.)

The stream compositions and conditions for the base case process are given in Table VII-1.

The system is designed to produce 100,000 lb DAO per hour (8700 barrels per stream day). The

solvent/q)AO stream is heated to 274°F and flashed to 250 psia, producing a vapor that is almost

pure solvent (>99.99% propane).

Membrane/Evaporation Hybrid Process

- The membrane/evaporation hybrid system is shown in Figure VII-3. The process is the_

,. same as the evaporation process except that a membrane and pump are _ded upstream of the

heater. The average transmembrane pressure is 200 psi, and the pressure along tt'e feed side of the

membrane varies depending on the amount of solvent removed.

_

-
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As in ali membrane processes, the properties of the membrane determine the performance

of the separation system. A membrane with a high separation factor (o0 will produce a very pure

solvent stream for recycle to the extraction column. A membrane with a low separation factor,

however, will result in losses of DAO to the permeate stream. DAG impurities in the recycled sol-

vent result in higher recycle flow rates and increase the size of the tower an,a membrane equipment.

The membrane properties used in our evaluations are based on results of Li et al. (1984);

separation factors obtained under various conditions were between 2 and 6. We chose to use a

separation factor of 5 because we believe that further work on membrane development could pro-

duce membranes with ot's at least near the high end of Li's results. Li's results also indicated that

the separation factor is independent of feed stream composition up to a DAO mass fraction of 40%.

At higher DAO concentrations, the DAO/solvent mixture is too viscous for further membrane pro-

cessing, and evaporation must be used.

The overall permeate quality that can be obtained from a membrane module (for which the

feed-side concentration changes along the membrane) is given by Li as

0_- Xr(Q- 1)l+a.ln
0_ , Xf(0_- 1)Y=

(1 - a) (VII-1)
where

Y = DAO mass fraction in permeate

o_= separation factor*

Xr = DAO mass fraction in residue

Xf = DAO mass fraction in feed.

The required membrane area is calculated by dividing the permeate flow rate by the mem-

brane flux. Thus, the flux is an important parameter in determining the cost of the membrane sys-

tem. The membrane flux used was 3 lb/hr/ft 2, a value that is at the high end of Li's results but one

that we believe is achievable with further membrane development.

The stream compositions and conditions for the base case process are given in Table VII-2

for a membrane/evaporation hybrid system where the membrane concentrates the DAOto 40%

before final separation by evaporation. Like the evaporation system, the hybrid produces
........................................................................

* The separation factor is defined as a = [(1 - Y)/Y] / [(1 - Xr) / Xf] where symbols are given in nomenclature
following Eqn. VII-1.
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100,000 lb DAO per hour. The solvent/DAO stream is pressurized to 673 psia before being fed to

the membrane. The membrane permeate contains most of the solvent but 'alsocontains a significant

portion of the DAO fed to the membrane. Thus, to produce the same amount of DAO as the evapo-

ration system, the hybrid system must recycle a greater quantity of solvent (70% more). The resi-

due stream leaving the membrane is heated to 276°F and flashed to 230 psia. The resulting vapor

is condensed and recycled to the extraction column. Vapor condensation is achieved by heat

exchange with cooling water, or optionally, as part of a heat recovery system as described for the

evaporation process above.

THERMODYNAMIC EVALUATION

In the case of solvent deasphalting, the reference temperature and pressure used in determining

are that of the stream leaving the extraction tower: 160°F and 435 psia. The relationship between Cm
and the mass fraction of DAO in the membrane residue is shown in Figure VII-4. Cmis zero when the

DAO fraction leaving the membrane is the same as that entering the membrane (i.e., no membrane) and

equal to one when the DAO fraction equals 0.95 (no evaporation). In this study the maximum value of

t_mused was 0.5, corresponding to 40% DAO in the membrane residue.

ECONOMIC EVALUATION

The processing cost (PC) is given in dollars per pound of DAO in the product stream.

Membrane costs were calculated using the membrane areacalculated as described above and a

membrane cost of $6.00/ft 2. An installation factor of 2.4 was used for the initial installation only;

a membrane lifetime of one year was used. The remaining equipment costs were calculated by

standard methods. Utility expenses are based on a steam cost of $5.00/1,000 lb (at 250 psia), an

electricity cost of 5 cents/kWh, and a cooling water cost of 5.7 cents/I,000 gal. Table VII-3 lists

the application-specific parameters used in the economic evaluation.

BASE CASE EVALUATIONS

The base case systems for the evaporation and hybrid configurations both have the same

feed conditions and product specifications. The stream compositions and conditions are given in

Tables VII- 1 and VII-2 for these configurations. The product DAO specification is for a DAO

stream containing 5% solvent; temperature and pressure are determined by the operating conditions
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Table VII-3
ASSUMPTIONS USED IN ECONOMIC EVALUATIONS

FOR SOLVENT DEASPHALTING
(basis: 100,000 Ib DAO/hr)

Plant facilities Investment (PFI)

Installedmembranesystemcost $14.40/ft2

Replacementmembranecost $6/ft2

Membranetile 1year

Utility costs

Steam(250psia) $5.00/1,000 Ib

Electricity 5.0C/kWh

Coolingwater 5.7¢/1,000gal

resulting in the lowest PC. In the case of the evaporation system, the DAO stream leaves the flash

drum at 256°F and 250 psia, whereas, in the hybrid system, the DAO stream is at 243°F and 230 psia.

The base case hybrid system has the maximum permissible value for _m of 0.5.

Table VII-4 shows the energy requirements for both evaporation and hybrid systems. The

heating requirement of evaporation is the main energy consumer for either system. Addition of the

membrane reduces the evaporator energy iequirement by over 70% while requiring only a small

energy input to run the added pump. The thermal energy equivalent for the hybrid system is one-

third that of the evaporation system.

Table VII-5 summarizes the economic evaluation for the two base case systems. Alth,-_ugh

the energy requirements of the hybrid system are much lower than those of the evaporation system,

the capital costs of the hybrid system are twice that of the evaporation system, resulting in a PC

only slightly lower with the hybrid system ($0.88/lb DAO compared with $1.00/lb DAO). The

= capital costs account for less than 20% of the evaporator system PC but account for over 60% of

, PC for the hybrid system. Energy costs for the evaporator system are over 70% of total PC but are

only 23% of the hybrid system PC. These results demonstrate the capital/energy trade-off that

_ often occurs when replacing a traditional separation technology with a membrane unit.
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Table VII-4
ENERGY REQUIREMENTS FOR SOLVENT RECOVERY

IN SOLVENT DEASPHALTING
(Basis: 95% DAO, 100,000 Ib DAO/hr)

Process

Evapor_tion Hybrl¢i

EvaD Extraction Total EvaD Memb Extraction TOtal

Steam 991 150 1,141 278 -- 36 314
(Btu/IbDAO)

Electricity 9.9 -- 9.9 2.9 23.6 -- 26.5
(Btu/IbDAO)

Thermalenergy* 1,196 177 1,373 336 70.8 43 449
equivalent
(Btu/Ib DAO)

* Thermalenergyequivalentsare basedonanelectricpowergenerationefficiencyof 33%anda steamgeneration
_fficiencyof 85%.

Table VII-5
ECONOMIC RESULTS FOR SOLVENT RECOVERY

IN SOLVENT DEASPHALTING
(Basis: 95% DAO, 100,000 Ib DAO/hr)

Process

Ev.EIZOEatlon Hybrid _

Total capitalcost* $ 4.33 $ 8.41
Membranecapitalcost* --- 4.16

Labor costt 0.03 0.05
Steam costt 0.69 0.19
Electricity costt 0.0 2 0.04
Total operating costt 0.81 0.36

Processing costt 1.00 0.88

* Millionsof U.S. dollars.
Cents per pound of product,
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Complete details of the base case evaluations, including breakdowns of utility require-

ments, capital costs, and total processing cost are given in Appendix D for both evaporation and

hybrid systems.

EFFECT OF THERMODYNAMIC EXTENT OF SEPARATION

The effect of varying the thermodynamic extent of separation (qbm),that is, varying the sep-

aration work done by each of the two technologies, is illustrated in Figure VII-5 in terms of PC

and the availability consumed in utility streams, Autil. The left side of the graph (_m = 0) corre-

sponds to the evaporation only system, and the right side (_m =0.5) corresponds to the maxi-

mum degree of concentration that can be performed by the membrane before the fluid becomes too

viscous for processing by the membrane. The two extremes of the graph represent the two base

case systems described in the previous section.

Figure VII-5a shows a minimum in PC of 0.83 cents/lb DAO at _hnequal to .-.0.35; this

corresponds to a DAO mass fraction in the membrane residue of 0.31. To simplify what is hap-

pening to the PC as Om increases, it is useful to think of an increase in _m as having two significant

effects: a reduction in steam use in evaporation and an inca'ease in the total capital cost for the sys-

tem. Figure VII-6a shows that the amount of solvent to be evaporated by the evaporation section

(and therefore the steam needed for evaporation) with _m = 0.25 is about half that with

_m = 0.0. However, a further increase in q_mto 0.50 results in an evaporation rate one-fourth that

of the _m = 0.0 case; thus there is a diminishing advantage to increasing _m at higher values of

Om. On the other hand, the capital costs (Figure VII-6b) increase by 40% of the Om= 0.0 value

when _m is increased from 0.0 to 0.25, while a change from 0.25 to 0.50 results in a capital cost

increase of 54% of the Om= 0.0 value; thus there is an increasing disadvantage to increasing _m at

higher values of ¢_m.

Whether the net result of these two effects is a decrease or increase in PC as _m increases

depends on the magnitude of each effect; however, from the above discussion, it is obvious that the

advantageous effect of increasing _m is greatest at low values of _m; therefore, if a calculation at a

low value of Omshows that adding membrane increases the overall costs, we know that the lowest

PC for any system will be at _m = 0.0 and further evaluations of hybrid systems are not necessary.

However, if a calculation shows that an addition of membrane at _m = 0 results in a lowering in the

PC, we know that this does not necessarily mean that we should use as much membrane as techno-

logically possible, but that there is a minimum in the PC curve at some point other than q_m= 0.0.
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In essence, we have determined that the second derivative of the PC versus _m curve is

positive, and we were able to determine this fact without performing anything other than "back-of-

the-envelope" calculations. The evaporation rate was calculated by a simple mass balance calcula-

tion, without the need for infomaation about membrane performance. (The cost of energy required

' by the membrane can be assumed insignificant for ultr'_ltration; this may not be the case for a gas

separation membrane, however.) The shape of the capital cost curve is determined primarily by the

membrane unit; the cost of the membrane should have a positive second derivative with respect to

_hnsince it is well known that membranes perform most efficiently when the feed-side concentra-

tion of the more permeable component is greatest. Combining these two effects, we can predict

that the membrane will have the greatest benefit in terms of PC close to _)mequal to zero.

Figure VII-5b shows that the utility consumption curve qualitatively is very similar to the

solvent vapor flow curve (Figure VlI-6a). This similarity is not surprising because the major util-

. ity use in this separation is the steam used for evaporation.

To summarize these evaluations, the optimum system is a membrane/evaporation hybrid

with _m of ~0.35 (corresponding to a mass fraction DAO in membrane residue of.4).31). The ben-

efit of addi_,g a membrane to the evaporation system is that the steam required can be reduced con-

siderably by using membranes; the savings in steam cost is greater than the added capital costs of

the membrane and results in a net decrease in PC from $1.(X)/lbDAO for evaporation alone to

$0.83/1b DAO for the optimum hybrid system. Increasing the membrane area beyond the optimum

point produces further steam savings, but at the cost of even greater increases in capital expenses,
and results in an increase in PC.

EFFECT OF HEAT RECOVERY

In the previous section we demonstrated that the major advantage in using a membrane was

that the steam expenses were reduced considerably. However, as described previously, many

evaporation systems include some type of heat recovery; thus, some of the heating energy can be

supplied by the condensing flash vapor. If some type of heat recovery system is used, the steam

requirements of the evaporation section can be greatly reduced without the addition of membranes.

To examine the effect of heat recovery on the over'di economics and thermodynamics of the sepa-

ration system, we included an optional heat recovery unit (Figures VII-2 and VII-3).
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Heat can be recovered from the condensing solvent vapor in many ways; however, in 'ali

cases, the condensation temperature must be greater than the feed vaporization temperature if heat

is to be transferred from the condensing to the feed stream. This can be arranged in sever'ii ways

such as flashing at high pressure and therefore high temperature or recompression of the vapor

stream after flashing at low temperature. The configuration of the heat recovery system depends

on many factors: solvent species, feed composition, feed temperature and pressure, and economic

factors. To allow us to perform a range of calculations without doing complex redesign and opti-

mization of our system, we assumed that the specified amount of heat is recovered by heat

exchange without regard to the temperature gradient between condensing and vaporizing streams.

We define the efficiency of the heat recovery unit, Q, as the fraction of the heat released by

condensation of the solvent vapor stream that is transferred to the feed stream. Thus, a Q of 0.0

corresponds to no heat recovery as in the base case systems above. A Q of 1.0 corresponds to

recovering ali the heat released during condensation.

The effect of Q on PC is shown in Figure VII-7a. for values of Q from 0.0 to 1.0. This

figure shows that the value of cm for the optimum system becomes smaller as Q is increased; that

is, as Q increases, the size of the membrane unit used to give the lowest PC goes down. At a Q of

0.5 and above, the optimum system is evaporation alone; addition of any membrane results in an

increase in PC.

Figure VII-7b shows that the system Autil is at a minimum by using as much membrane as

possible for ali values of Q; however, the steam requirement for systems with Q greater than 0.5 is

already reduced enough that further steam expense reductions by addition of the membrane do not

offset the added capital cost of the membrane unit.

EFFECT OF SEPARATION FACTOR

Another important system variable is the membrane separation factor, t_. As o_increases

the permeate DAO fraction decreases, and the extraction tower size is reduced. Figure VII-8a

shows the PC for separation systems with membrane separation factors of 3, 5 (base case), 10,

and 100. At Omequal to 0.0, ali curves converge since no membrane is used. As Omincreases,7.
the amount of membrane increases, and the differences between the curves also increase.

Even with a separation factor as low as 3, there are benefits to using a hybrid system; for

this separation factor, the optimum _m value is --0.2 giving a PC of $0.95/1b DAO. As the separa-

tion factor of the membrane increases, the optimum t_malso increases. The optimum t_mis 0.45

J
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and >0.5 for separation factors of 10 and 100, respectively; the optimum PC 'also decreases to

$0.72/lb DAO and $0.58/lb DAO. Considering that the base case value of 5 is optimistic for cur-

rent membranes, a separation factor of 100 is not likely to be achieved in the near future. How-

ever, a value of 10 is reasonable in the next decade if continuing research is performed.

Figure VII-8b shows Autil for systems with different membrane properties. There is very

little difference between the curves for different membrane properties because, for a given _m, any

separation factor will result in an identical membraae residue stream and thus the steam requirement

of the evaporator will be unaffected. A higher a will reduce the energy requirements of the mem-

brane section, but this energy requirement is hardly noticeable compared with the steam used in

evaporation.

The benefit of increasing membrane properties is not in a reduction of energy use, but in a

reduction in the capital costs of the extraction and membrane sections because less DAO is recycled

in the membrane permeate, lt is interesting that separation factors even as low as 3 will be benefi-

cial to the overall PC and that increasing the separation factor to even as high as 100 will still have

increased benefits.

EFFECT OF SOLVENT COMPOSITION

Up to this point, we have assumed that propane is the solvent used in the extraction pro-

cess. Although this solvent is a common one for this type of separation, many other solvents are

also used, typically, butane or pentane. Using a lighter solvent results in a higher quality DAO

product; however, the maximum DAO yield is reduced (Sprague, 1986). Thus the choice of the

solvent used in the extraction process depends on the product DAO specifications and on the avail-

ability and cost of the various candidate solvents.

To examine the effect of the solvent species on the economic and thermodynamic perfor-

mances, we performed evaluations for the base case system using pentane in piace of propane. We

assumed that the membrane properties are the same for pentane as for propane (in reality, we

expect the separation factor to be slightly lower for the heavier solvent, pentane); however, the

thermodynamic properties are different for the two solvents. The major difference in operating

conditions is that the DAO/solvent mixture must be heated to a higher temperature and is flashed at

a lower pressure when using the heavier solvent.
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Figure VII-9 shows results of evaluations using pentane as the solvent for evaporation and

hybrid systems with heat recovery efficiencies of 0.0 and 0.5. Qualitatively they are similar to the

results obtained with propane. The major difference is that the maximum value of Om is 0.38. This

difference occurs because the thermodynamic properties of the two solvents are different; the relation-

ship between Om and the residue stream composition is different for the two solvents. Figure VII-10

shows ¢rn as a function of the residue DAO mass fraction for both pentane and propane.

Although the difference between the two curves in Figure VII- 10 is not great, a comparison

of PC and Autil for systems using different solvents must be shown on the basis of DAO mass

fraction because a single value of Omcorresponds to different compositions with different solvents,

In Figure VII- 11, PC and Autil are shown for systems using either pentane or propane as a func-

tion of the residue composition. These figures show that there is very little difference either quali-

tatively or quantitatively between systems using propane and systems using pentane.

CONCLUSIONS

The main energy consumer and main operating expense in both the evaporation and hybrid

systems is the steam used for evaporation. Using membranes can lower the steam expense from

$0.69 to $0.19/lb DAO and reduce the energy consumption by two-thirds (in terms of both avail-

ability and thermal energy equivalent). However, this reduction in steam use results in greater

capital cost for the hybrid system: the evaporation capital cost is half that of the base case hybrid

system. Because of this _ade-off between steam costs and capital costs, the minimum PC occurs

between the two base case systems at a value of em of approximately 0.35.

By breaking the processing cost into two principal factors, steam expense and membrane

capital cost, we are able to understand how the PC is affected by varying _rn. By examination of

the system mass balance, we know that the greatest reduction in steam use per unit change in q_m

occurs at _rn equal to zero. lt is also general knowledge that, for membranes, the initial portion of

the separation (near _n equal to zero) is the easiest and cheapest. Knowing these two facts we can

see that the membrane will be most beneficial at values of _m close to zero. Thus, if an evaluation

shows that a hybrid system using only a small amount of membrane does not reduce PC, we know

that increases in membrane area (increased _m ) will be even less beneficial. If, however, the PC
i

• is reduced by addition of a small amount of membrane, we still do not know if the lowest PC will

occur by using the most membrane technically feasible or by using some smaller amount of mem-

brane; this issue can be decided only by further calculations.
[
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The fact that energy (steam for evaporation) is the greatest operating expense indicates that

the advantage of using a membrane is greatly reduced by use of a heat recovery system. Our

analysis has shown that, for heat recoveries greater than 50%, addition of a membrane will result

in an increase in PC for our base case system.

Another important operating parameter is the separation factor. Although the highest value

for separation factor is the most desirable, our calculations have shown that values as low as 3 will

still be beneficial. If the separation factor is doubled above the base case value to 10, the optimum

value for _rn is very close to the maximum value of 0.5. Higher values of the separation factor

give further benefits, even to values as high as 100.

We also examined the effect of using different solvents to perform the separation. Aside

from propane (the base case solvent), pentane was evaluated and shown to have results similar to

those with propane.

m
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CHAPTER VIII

GUIDELINES FOR ASSESSING LIKELIHOOD OF
SUCCESS OF HYBRID SYSTEMS

The objective of this task was to develop guidelines for identifying situations in which a

hybrid membrane system is likely to give superior performance (economics and energy consump-

tion) over systems consisting of a single technology alone. To arrive at these guidelines, we spent

time thinking about why certain process schemes examined in the case studies (Chapters IV through

VIII)were better than others, what the membranes did best, how efficiently energy was utilized by

the various unit operations, and similar questions. Some of the guidelines have been hinted at in the

previous chapters. Here, we seek to provide qualitative and quantitative guidelines to help the prac-

ticing engineer answer one "simple" question, namely, "Is there a good chance that a hybrid process

would be the process of choice at practical operating conditions?"

The value of answering this question is quite high since it is possible to expend substantial

manpower trying to optimize a processing scheme only to find that a whole new family of options

exist if a new unit operation is included in the scheme. Conversely, complex processing schemes,

for example, schemes including hybrid systems, are not necessarily superior economically despite

the many options for optimizing such schemes. In the current era of high-speed pi'ocess simula-

tors, deciding what to simulate is more important than doing the simulation.

lt is worthwhile to say what we do not expect from our guidelines, We do not expect our

guidelines to replace those established for generally assessing the applicability of a separation unit

operation (e.g., King, 1980, pg. 688). Rather, we expect that engineers using the guidelines for

hybrid systems will have already identified at least one membrane and one nonmembrane technol-

ogy that they believe has a good chance of solving the separation problem at hand. Our guidelines

are also not meant to identify when membranes themselves are superior. Rather, our guidelines

will lead the way to assessing when hybrid systems are s_perior.

Our quantitative guidelines use the availability, efficiency, and extent of separation terms

defined in Chapter III. The reader may wish to refresh his memory before proceeding.

STATEMENT OF GUIDELINES
i

Table VIII- 1 lists the qualitative and quantitative guidelines for answering the question "Is

there a good chance that a hybrid process would be the process of choice at practical operating con-

ditions?" The following sections explain the concepts from which these guidelines derived and

= VIII-I
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Table VIII-1
GUIDELINES FOR ASSESSING

LIKELIHOOD OF SUCCESS OF HYBRID SYSTEMS

Qualitative Guidelines

(1) A hybridis likelyto be successfulwhen there are drivingforce limitationsinoneor both
membrane/nonmembranetechnologies.

(2) A hybridis likelyto be successfulwhen thereis a poinFwisevariationinthe separationfactor (e.g.,
relativevolatility,distributioncoefficient,membraneselectivity).

(3) A hybridislikelyto be successful when a reversalof the minorcomponentispossibleandthe two
technologies act on different components.

(4) A hybrid is likely to be successful when the membrane fails to produce the required product purity on
its own but has some of the following advantages:

(a) The membrane better utilizes energy contained in the feed.

(b) The membrane transfers less material.

(c) The membrane accomplishes its portion of the separation in a single stage.

(d) The membrane avoids a phase change associated with the nonmembrane technology.

(e) The traditional technology does not involve energy recovery schemes.

(f) The membrane reduces the total residence time of the process.

(g) The membrane allows process streams to exist as liquids.

(h) The membrane decreases capital investment needed to supply the driving force for the
separation process.

(i) The membrane reduces the size of downstream equipment.

(5) A hybrid is not likely to be successful when the membrane does not make the desired final purity in at
least one of its outlet streams.

Quantitative Guidelines

(1) A hybridis favoredwhen

Asep(memb) < 1/3*Asop(nonmemb) and CCsop(memb) > CCsop(nonmemb).

(2) A hybrid is favored when

G>I.
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define the terms used in our quantitative guidelines. In Chapter IX, these guidelines are part of the

criteria leading to recommendations for experimental work.

RATIONALE OF QUALITATIVE GUIDELINES

It is logical to postulate that concepts leading to guidelines would derive from consideration

of energy and capital costs since the notion of "successful" is an economic one. Beyond this basic

near-tautology, it is difficult to lay out a rationale that would lead all reasonable thinkers to the same

set of guidelines. Nevertheless, we wish to explain the reasoning behind our guidelines and how

our case studies (Chapters IV through VII) support our guidelines.

The major underlying theme of all hybrid systems is that there is something "strong" and

something "weak" about each process that is part of the hybrid system under the conditions of inter-

est. Further, the strengths and weaknesses of the individual processes must be complementary in

some sense, lt is not enough, therefore, to identify when one technology (e.g., membranes) might

be favored. Rather, there must also be something that one technology falls short of accomplishing

so that there is a need for a complementary technology.

Direct Strength/Weakness Guidelines

Our qualitative guideline Number 4 (a to i) most directlyexemplifies the major underlying

theme, lt is a common notion among process designers that membranes often fail to produce the

required purity, lt was natural, therefore, for us to ask when this weakness can be combined with

strengths to make a hybrid system. To answer this question, we asked "What is good about a

membrane?" "I'oanswer this question, we examined the energy and capital cost issues that typify

membrane processes.

Energy. With respect to energy consumption, we devised five key questions that indicate

when a membrane process is likely to have an energy advantage over a nonmembrane process:

(1) Does the membrane better use energy contained in the feed?

(2) Does the membrane transfer less material?

(3) Can the membrane accomplish the desired portion of the total separation in a single
stage?

(4) Does the membrane avoid a phase change that occurs when the nonmembrane
technology is used?

(5) Does the nonmembrane technology not use energy recovery schemes?
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These five questions transferred directly to guideline items 4a to 4e. Our case studies indicate that a

"yes" answer to these makes a hybrid system likely when the membrane fails to make the desired

purity.

Guideline 4a is illustrated by Case Study 2 (removal of N2 from natural gas) where the feed

stream was available to 800 psia. The membrane utilized this energy to drive the separation main-

taining the product at pressure. In the PSA process, however, the product methane is at low pres-

sure and must be recompressed. Hence, the membrane uses the feed pressure (energy) weil, and the

PSA process does not. Guideline 4b is illustrated by Case Study 1 (propylene/propane). Here, the

membrane is very selective for propylene (> 100), and distillation is only slightly selective for

propylene (relative volatility < 1.2). Hence, the membrane transfers little materi; 1other than

propylene, whereas, distillation moves significant quantities of propane along with the propylene.

Guideline 4c is illustrated by Case Study 2 (N2 from natural gas) and 3 (KBL concentra-

tion). In Case Study 2, one stage was required with 20% N2 in the feed, no energy input was

required, and the membrane was significantly favored (economically) over PSA. When the N2

content in the feed was 40%, however, the membrane system consisted of two stages, including

additional energy and capital for recompression for the second stage. Although the membrane was

still favored over PSA, it was only marginally favored. In Case Study 3, the membrane section of

the hybrid consisted of two stages, and the hybrid was not competitive with evaporation technol-

ogy alone. However, if the membrane properties were improved so that only one stage was neces-

sary, the separation costs with evaporation and with the hybrid were the same.

Guideline 4d is commonly associated with membrane processes and is illustrated directly in

Case Studies 3 and 4. Guideline 4e is illustrated by Case Study 4. Here, the membrane hybrid

had a lower cost (PC) than flasi_ expansion alone, primarily because of energy savings. However,

if energy was recovered in the flash expansion process, the energy savings were reduced. Finally,

with greater than 50% energy recovery, flash expansion alone had the lowest cost.

Capital. With respect to capital cost, we devised four key questions that indicate when a

membrane process is likely to have a capital cost advantage over a nonmembrane process:

(1) Does use of the membrane reduce total residence time in the process?

(2) Does use of themembrane allow process streams to be in the liquid phase?

(3) Does use of the membrane decrease the capital investment needed to supply the driving
force for separation'?

(4) Does the membrane reduce size of downstream equipment?

VIII-4
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These four questions transferred directly to guideline items 4f to 4i. Guideline 4f is illustrated by

Case Study 1. Here, high reflux and reboil rates are required by the distillation column, increasing

the average residence time in the distillation column. The residence time in the membrane unit is

quite short, and when the membrane is added to the distillation column, the column needs less reflux

and reboil. The size and capital cost of the distillation column is therefore substantially reduced.

Guideline 4g (keeping streams in liquid phase) is not illustrated by one of our case studies, ,

but we included it because it can be important in membrane hybrids in general. Keeping streams in

the liquid phase lowers capital cost because the piping and pumps are smaller to move liquids than

to move gases. Guideline 4h is illustrated by Case Study 2 (N2 from natural gas). The addition of

a membrane section to the PSA reduced the capital cost for compression equipment. Guideline 4i

is logical but is only indirectly inferred from Case Study 4 wherein the recycle of solvent causes a

large increase in capital cost.

Implicit Strength/Weakness Guidelines

Several of our qualitative guidelines (1, 2, 3, and 5) come about by considering that a given

technology might be "strong" in one part of the process and "weak" in some other part. We call

this an "implicit" strength/weakness issue because the character exhibited by a process is not par-

ticularly clear at first glance nor necessarily constant. Driving force limitations (Guideline 1), for

example, come about after a certain extent of separation has taken piace. It is not so much a matter

of the process itself as it is the objective of the processing. Guideline 1 is illustrated in Case Study

1 with the l-tool carrier concentration. Here, the membrane does a fine job until the very end of

the separation where there is virtually no driving force left, and capital costs sky rocket. In combi-

" nation with the distillation column, however, the driving force limitation is removed. Also, in

Case Study 3, the reverse osmosis membrane is used as far as it can go, given the osmotic pres-

sure of the solution, and evaporation comes in to finish the separation.

Guidelines 2 mid 3 draw attention to possibilities for change inside the process scheme. In

Guideline 2, we point out that changes in selectivity will affect dramatically the choice of technol-
_

ogy. Any azeotropic distillation is an example of this situation, and a membrane hybrid is likely,

as has been demonstrated commercially for ethanol/water and isopropanol/water separations. In

Case Study 1, we use a facilitated transport membrane with an effective selectivity of 60 at the

distillation feed conditions and 250 with 5% propylene product (actual base case hybrid

calculation). The membrane selectivity increased with decreasing propylene concentration,

showing that the membrane is likely to perform well at the bottom of the distillation column.

m
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Guideline 3 is an appeal 'always to uo the least work and that doing the least work may mean

working on one component at the beginning of a separation and another component at the end. For

example, in Case Study 2, the best hybrid system relied on this principle (HYB-2). The feed gas

with 20% N2 was fed first to the nitrogen-selective membrane. The permeate was nitrogen-rich,

and this stream was fed to a PSA unit that acted on the new minor component, CH4.

Finally, Guideline 5 brings out the point that a hybrid is not likely to be successful when

further processing is required on both the residue and the permeate streams coming from '.,hemem-

brane. We include this guideline in the "implicit" category because, going back to the strength and

weakness theme, the strength and weakness exists in the one technology, namely, the membrane.

Here, if the membrane is totally weak (no final purity in either stream), a nonmembrane technology

by itself is required. If the membrane is totally strong (final purity in both streams), the membrane

by itself will do. If the membrane makes only one satisfactory stream, a hybrid is likely. Case

Study 1 is an example where propane product is made by the membrane, and a hybrid is superior.

However, one recycle stream is required (the permeate purity was not product quality). Case

Study 4 is an example where the incomplete membrane separation gives a permeate and a residue

that must both be processed further, and it is difficult to justify a hybrid.

RATIONALE OF QUANTITATIVE GUIDELINES

Quantitative guideline 1 is a direct strength/weakness comparison; the other is probably the

most subtle of ali our guidelines but summarizes the essence of our implicit strength/weakness

comparisons in a very neat package.

The terms we have used in quantitative guideline 1 are defined below:

Asep = Autil/Aproc (VIII-1)

CCsep = Capital cost
Aproc (Btu/hr) (VIII-2)

These terms are a measure of the energy required and the capital investment required to accomplish

a given separation. The term Asep is like the inverse of thermodynamic efficiency, and we there-

fore expect it to be greater than 1 (no utilities are used for some membrane processes, however,

and Asep is zero in such cases). The term CCsep gives an intuitive feel for the capital required for a

given amount of separative work.
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Table VIII-2 gives the values of Asep and CCsep for ali membrane and traditional unit

operations studied in Chapters IV through VII. Also listed in this table is whether, in the base

case; a membrane, hybrid, or nonmembrane process was the process of choice. The analysis of

just the base cases tells us that (1) membranes do not generally overcome a capital penalty with an

energy advantage and (2) the energy advantage of a membrane must be substantial to overcome a

capital cost penalty. Our study of ali of our sensitivity calculations led us to conclude that the

membrane must conserve only about one-third of the energy of the traditional process for the

hybrid process to be superior. This conclusion gives us the criterion Asep (membrane) < 1/3 Asep

(nonmembrane) in quantitative guideline 1. If at the same time, we had a less expensive membrane

capital cost, the membrane alone would be the process t,_choice (as in Case Studies 1 and 2). For

a hybrid, we need CCsep (membrane) > CCsep (nonmembrane); hence, quantitative guideline 1.

To understand quantitative guideline 2, we return to the concept of "thermodynamic extent

of separation," _. This term can help us quantify when there is a shift from strength to weakness

during a separation and, therefore, when it is likely that a hybrid will be the process of choice.

It is vzluable to perform the thought experiment of conducting a separation and stopping at

any number of points along the way. At any point, the value of _ varies from zero to 1. The effi-

ciency of a process also varies along the way. It is sensible to spe_ of the efficiency, EFF, as

being a function of _ (EFF (_)). We can imagine conducting the separation with any number of

. technologies, for example, membrane and nonmembrane technologies. In general, the efficiency

of conducting a given extent of separation will vary with the technologies chosen. Hence

EFFm(_) _: EFFT (_) (VIII-3)

where the subscript m denotes a membrane process and the subscript T denotes a traditional pro-

cess.

We are interested in whether these two efficiencies, EFFm and EFFT, are significantly dif-

ferent from each other. Hence we define

g (_) = IEFFm (q_)- EFFT (q_ (VIII-a)

where we have used the absolute value sign so that g(_) is always positive. To illustrate this func-

tion, Figure VIII-1 shows two sets of EFF results from Case Study 1; Figure VIII-la shows the

results for distillation and the base case membrane containing 2 tool Ag +' and Figure VIII-lb shows
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Table VIII-2
ENERGY CONSUMPTION AND CAPITAL COSTS FOR
MEMBRANE AND TRADITIONAL UNIT OPERATIONS

Process of

CCsep Choice in
process _.___ep-- L_ .Base Case

C3separation

Membrane 4- 5 3 - 6 Membraneonly

Distillation 15- 60 10 - 60

N2/CH4 separation

Membrane 0- 30 8- 35 Membrane only

PSA 10- 50 15 - 40

KBL concentration

Membrane (RO) 7- 19 2-5 Evaporation only

Freeze concentration 5 - 9 4 - 8

Evaporation 7- 9 0.5- 1

Solvent deasphalting

Membrane (UF) 3- 6 3- 12 Hybrid

Flash expansion 15 - 50 2-5
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results for distillation plus the more practical membrane containing 1 mol Ag +. In Figure VIII- 1a,

g(O)ranges from a maximum of 0.23 at _ equal to 0.19 to a minimum of 0.16 at _ equal to 1.0; in

Figure VIII-1 b, g(O) ranges from 0,20 to 0.0.

Some thought about this function g(_) is worthwhile, If g(q))is constant, it means that one

process or the other is always more efficient. We would immediately conclude that a hybrid is not

likely. Therefore, for a hybrid to be likely, we need some change in g(O) over the course of the

separation. To quantify "some change" we define

G = gmax- grain
EFFavg (VIII-5)

where EFFavg is the average value for EFF at _ equal to 1/2 defined as

EFFavg = 1/2 [EFFm (_ = 0.5) + EFFT (_ = 0.5)] (VIII-6)

In Case Study 1, the values of G from Eqn. VIII-5 with Ag + concentrations of 1 and 2 tool are

1.54 and 0.54, respectively. The hybrid process was the process of choice for 1 M Ag+ concen-

tration (G = 1.54), and the membrane alone was the process of choice for 2 M Ag+ concentration

(G = 0.54). Further, in Case 3B (reverse osmosis with evaporation), evaporation alone was the

process of choice, and the computed value of G is 0.8. The quantity G therefore captures our

notion of "significant" change in efficiency over the course of a separation, and we conclude that G

> 1 lea.ds to a hybrid, whereas G < 1 leads to one technology alone as the process of choice.
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CHAPTER IX

RECOMMENDATIONS FOR EXPERIMENTAL STUDIES

The last part of this project was to recommend to the Department of Energy hybrid process

applications for experimental investigation. These applications include the case studies evaluated

as part of this project and any other separation applications that are likely to (1) be economically

favored over alternative technologies, (2) be accepted by the commercial sector, (3) result in

sizable energy savings (preferably > 1013 Btu/yr if implemented by 50% of the commercial sector),

and (4) be in need of government research support. The decision process leading to our

recommendations included answering four questions:

Is a hybrid process likely to be the process of choice under practical operating
conditions? (Use guidelines from the previous chapter.)

Are 30 x 1012 Btu/yr of energy consumed in the traditional process today?

Is the commercial sector likely to accept the hybrid system?

Is there a need for government support?

The second question, regarding the energy consumption hurdle, is based on the guideline

that for a hybrid to be successful, the hybrid system must use less than one-third the energy of the

corresponding traditional technology (quantitative guideline 1). Thus, if half the commercial sector

implements the hybrid process, one-third of the energy consumed today by the traditional process

will be saved. Thus, the traditional process must use at least 3 • 1013 Btu/yr for the hybrid to

result in an energy savings of 1013Btu/yr, the desired energy savings hurdle.

It is instructive to estimate the minimum amount of a material that must be produced

domestically for the energy hurdle to be satisfied. The following relationship applies

Ma = Eh / X / Ec (IX- 1)

where

Ma = minimum quantity of product made to satisfy energy hurdle (lb/yr)

Eh = energy hurdle (Btu/yr)

X = the fraction of energy consumed that would be saved by using a hybrid

Ec = energy consumed per unit mass of product (Btu/lb)

IX-1
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We will assume that X has a value of 0.25, Ec is 4000 Btu/lb, and Eh is 1013 Btu/yr (realistic

estimate for X, high estimate for Ec), With these assumptions, there must be at least 1 billion

pounds of a product produced every year. Hence, only 50 to 100 products are worth considering

(Table IX- 1). We examined the top 50 chemicals produced in the United States and considered

several generic processes that are used throughout the chemical industry (i.e., steam stripping of

sour water). We put forward 10 systems that we recommend to DOE as worthy of more detailed

studies; these systems are listed in Table IX-2 in order of highest to lowest priorty. These

applications are described in detail below,

PROPANE/PROPYLENE SEPARATION

Description. This application was described in detail in Chapter IV. The membrane is
placed at the bottom of the column producing a propane stream of the desired purity plus a
propylene-enriched stream which is recycled to the distillation column (Figure IX-1).

Is the hybrid likely to be the process of choice?

Yes. It is likely to be accepted because it results in a significant reduction in
operating and capital costs.

lt is probable, at least initially, that a membrane would be incorporated as a retrofit
rather than as an original installation.t

Are 1013 Btu/yr of energy saved?

Energy consumed 2600 Btu/lb of propylene
U.S. production 20.2 billion pounds (1989)
Total energy consumption 53x1012 Btu/yr
Reduction i:, energy consumption with hybrid 50%
Portion of industry using hybrid 50%
Total energy saved with hybrid 1,3 • 1013 Btu/yr

Likelihood of acce;_tance by commercial sector?

Very high. Alternatives to traditional distillation have been examined by a number
of producers including Amoco, Union Carbide, Exxon, and Shell.

; Need for government research support?

Yes. The existing processes are cash makers and, thus, there is a high risk to
making any changes to the current process. A hybrid technology will need to be proved
before industry will risk incorporating it.
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Table IX-1
TOP 50 CHEMICALS PRODUCED IN THE UNITED STATES IN 1989

(;hQmlcal Billions of Pounds (_htpmical BIIIIOni} of Pounds

Sulfuricacid 88.80 Ethyleneglycol 5,50

Nitrogen 53.77 ;)-Xylene 5,49

Oxygen 37,75 Ethyleneoxide 5,32

Ethylene 34,95 Hydrochloricacid 5,26

Ammonia _ _ 33,76 Methyltert-butylether 4,98

Lime 32.99 Ammonium sulfate 4.7'

Phosphoric acid 23.12 Cumene 4.5.,

Chlorine 22.32 Phenol 3.89

S_;ii_._mhydloxide 22,15 Acetic acid 3,83

Propylene 20,23 Potash 3,35

Sodium carlTJnate 19.79 Propylene oxide 3.2.

Nitric acid 15.98 Butadiene 3.09
1

Urea 15.47 Carbon black 2.91

Ammonium nitrate 15.11 Acrylonitrile 2.61

Ethylene dichloride 13.68 Acetone 2.50

Benzene 11.67 Vinyl acetate 2.47

Carbon dioxide 10.83 Cyclohexane 2.39

Vinyl chloride 9.62 Aluminum sulfate 2.35

Ethylbenzene 9.22 Titanium dioxide 2.22

Terephthalic acid 8.31 Calcium chloride 1.92

Styrene 8.13 Sodium silicate 1.75

Methanol 7.14 Adipic &cid 1.64

Formaldehyde 6.37 Sodium sulfate 1.60
]1

Toluene 5.8 Isopropyl alcohol 1.43

Xylene 5.80 Caprolactam 1.31

Total organics 210.61
Total Inorganics 400.44
Grand total 61 1.04

" Source: Chemical and Engineering News (Apdl 9, 1990).

!
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Table IX-2 :,
SYSTEMS RECOMMENDED FOR EXPERIMENTAL STUDY

Potential Energy Saving

Svstem (1012 Btu/vr)

1) Propane/propyleneseparation 13

2) Ethane/ethyleneseparation 6

3) Sourwaterstripping 6

4) Inorganicacid dehydration 5

5) Naturalgas dehydration 10 - 20

6) Deasphaltingofoil 10

3
7) Acetic acid dehydration ,

8) Ammonia manufacturing 2

9) Methyl tertiary-butyl ether manufacture 1 - 2

10) Urea manufacture 1 -2
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Figure LX-I. Hybrid configuration for propylene separation.
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ETHANE/ETHYLENE SEPARATION

Description. This applit,,_tion is a variation of the propane/propylene application.

Is the hybrid likely to be the process of choice?

Yes: It is likely to be accepted because, like propylene/propane separation, the
distillation is difficult and expensive. The distillation column is approximately 240 feet tall
and 15 feet in diameter, the relative volatility is 1.75.

Are 1013 Btu/yr of energy saved?

Energy consumed 700 Btu/ib of _thylene
U.S. production 35.0 billion pounds (1989)
Total energy consumption 24r,1012 Btu/yr
Reduction in energy consumption with hybrid 50%
Portion of industry using hybrid: 50%
Total energy saved with hybrid 6 • 1012 Btu/yr

Likelihood of acceptance by commercial sector?

Very high. Alternatives to traditional distillation have been examined by a number
of producers including Amoco, Union Carbide, Exxon, and Shell.

Need for government research support?

Yes. The existing processes are cash makers and, thus, there is a high risk to
making any changes to the current process. Materials must be developed for low
temperature operation. A hybrid technology will need to be proved before industry will
risk incorporating it.

SOUR WATER STRIPPING

Description. Removal of NH3 and H2S from stripping steam with membrane/stripper
hybrid so steam caal be reused (Figure IX-2).

Is the hybrid likely to be the process of choice?

Yes. The membrane is unlikely to be capable of performing separation on its own.
Complete removal of NH3 and H2S is not necessary if the steam is reused. This low purity
specification is encouraging to the use of membranes. If different membranes selective for
NH3 and H2S individually are developed, the hybrid can be used to recover an NH 3
byproduct.
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RA-M-5310-4A

Figure IX-2. Membrane-assisted recovery of NH3 and H2S from sour water.
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Are 1013 Btu/yr of energy saved?

Energy consumed . NA
producfior_, , ):"' , ,U.S. NA

Tota! energy cos_,+uilal_tion, 24x1012 Btu/yr
Reduction in ¢;;+Ci:,:_gy/Consumpfionwith hybrid 50%
Portion of indu_,try using hybrid: 50%
Total energy saved with hybrid 6 • 1012 Btu/yr

Likelihood of acceptance by commercial sector?
t

Good.

Need for government research support?

Yes. Industry is very familiar with steam stripping technology, and a new
technology will need to be proved for it to be accepted.

INORGANIC ACID DEHYDRATION
3

Description. Dehydration of acids (in phosphoric acid manufacture and regeneration of
spent sulfuric acid in a variety of industries) by reverse osmosis/evaporation hybrid. This system
would be similar to that used in Chapter V for concentration of KBL; RO would be used for the
initial concentration step followed by evaporation:

Is the hybrid likely to be the process of choice?

Yes. The membrane is unlikely to achieve high concentrations on its own (driving
force limitations because of high osmotic pressure of concentrated solutions).

Membranes have the advantage of avoiding phase changes. (This reduces the
amount of capital equipment constructed of expensive, acid-tolerant materials.)

Are 1017 Btu/yr of energy saved?
(!

Energy consumed NA _'
U.S. production NA
Total energy consumption 20 - 25x 1012 Btu/yr
Reduction in energy consumption with hybrid 50%
Portion of industry using hybrid 50%
Total energy saved with hybrid 5 • 1012 Btu/yr

=
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Likelihood of acceptance by commercial sector?

Good. These are cost-sensitive commodity chemicals; a small reduction in
manufacturing costs can lead to an increased market share. However, suitable membrane
materials must be found with high tolerance to acids.

Need for government research support?

Yes. The difficulty in finding pH-, temperature-, and pressure-resistant
membranes materials is great.

NATURAL GAS DEHYDRATION

Description. Removal of water vapor from natural gas by membrane/absorption or
adsorption hybrid. The membrane can be used for the initial water removal, and either absorption
or adsorption systems could be used for final dehydration. The membrane permeate can be either
recompressed (condensing out water) and recycled or used as fuel for regeneration of the
nonmembrane technology (Figures IX-3 and IX-4).

Is the hybrid likely to be the process of choice?

Yes. The membrane properties are good until the final stages of water removal
(driving force limitations); thus, final dehydration by another technology is necessary.

BAre there 1013 Btu/yr of energy saved?

Energy consumed NA
U.S. production NA
Total energy consumption 80 x l012 Btu/yr
Reduction in energy consumption with hybrid 50%
Portion of industry using hybrid: 50%
Total energy saved with hybrid 1 • 1013 - 2 • 1013 Btu/yr

Likelihood of acceptance by commercial sector?

_Aoderate. Glycol absorption is a well developed, technically adequate
technology. Addition of a second step may be considered undesirable, particularly at
remote sites.

Need for government research support?

Moderate. This technology is being actively considered today.

3
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Glycol Dry
- = Drying = Pipeline

Unit Gas

Fuel for

Wet Gas = Glycol Regeneration

1000 psia

100°F ,,
1350 ppm H20

z

Compressor

RA-M-5310-36

Figure IX-4. Membrane-assisted glycol dehydration plant.
Thepermeatestreamcouldbe usedto fire theglycolregenerationsection.
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SOLVENT DEASPHALTING

Description. Uses UF/flash expansion hybrid to separate DAO from extraction solvent
in petroleum residue refining. This process was discussed in detail in Chapter VII,

Is the hybrid likely to be the process of choice?

Yes. Hyblids show favorable energy savings (avoid phase change) and cost
reductions over traditional technology. Membranes cannot do entire separation on their/

own because of the high viscosity of concentrated DAO.

Are 1013 Btu/yr of energy saved?

Energy consumed NA
U,S. production NA
Total energy consumption 40 x 1012Btu/yr
Reduction in energy consumption with hybrid 50%
Portion of industry using hybrid 50%
Total energy saved with hybrid 1013 Btu/yr

Likelihood of acceptance by commercial sector?

Moderate with present-day membranes, high with improved membranes.

Need for government research support?

High. Previous DOE research has not solved fouling issue; possible need for
chemically resistant materials.

ACETIC ACID DEHYDRATION

Description. Uses pewaporation/distillation hybrid for dehydration in acetic acid
j manufacture. Distillation coy be used to achieve --00% acetic acid, and membranes would be

used to achieve final purity (lgure IX-5).

Is the hybrid likely to be the process of choice?

¥ es. Distillation works well until acetic acid concentration reaches 90% (variation
in relative volatility:)

Membrane is unlikely to achieve desired separation on its own,

Distillation is capital and energy intensive.
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Figure IX-5. Hybrid process for dehydration of acetic acid.
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Are 1013 Btu/yr of energy saved?

Energy consumed NA
U.S. production NA
Total energy consumption 10 x 1012 Btu/yr
Reduction in energy consumption with hybrid 50%
Portion of industry using hybrid 50%
Total energy saved with hybrid 3 • 1012 Btu/yr

Likelihood of acceptance by commercial sector?

Good.

Need for government research support?

High. Need membranes resistant to concentrated acetic acid.

AMMONIA MANUFACTURE

Description. Membrane/condensation hybrid could be used to remove impurities from
high pressure raw ammonia stream.

Is the hybrid likely to be the process of choice?

Yes. Membrane efficiently makes use of energy in feed gas.

Are 1013 Btu/yr of energy saved?

Energy consumed 350
U.S. production 33.8 (1989)
Total energy consumption 12 x 1012Btu/yr
Reduction in energy consumption with hybrid 33%
Portion of industry using hybrid 50%
Total energy saved with hybrid 2 • 1012 Btu/yr

Likelihood of acceptance by commercial sector?

' Good. Ammonia is a cost-driven chemical, so reductions in manufacturing costs
can lead to increased market share,

Need for government research support?
m

Yes. Existing processes are cash makers with a high reluctance to make risky
changes; improved technologies need to be proved before industry is likely to accept them.

v
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METHYL TERTIARY-BUTYL ETltER MANUFACTURE

Description. The traditional process uses distillation to separate MTBE from methanol.
Although high MTBE purity can be reached with distillation, the methanol leaving the top of the
column contains substantial MTBE because of formation of an azeotrope. The methanol/MTBE
stream is recycled to the reactor feed. If a membrane system (probably pervaporation) can be used
to increase the purity of the methanol stream, the recycle flowrate would be reduced, decreasing the
size and cost of the entire plant (Figure IX-6).

Is the hybrid likely to be the process of choice?

Yes. Distillation cannot perfoma a complete separation because of formation of an
azeotrope (variation in relative volatility).

Membrane reduces process recycle (and therefore equipment size) by completing
separation.

BAre 1013 Btu/yr of energy saved?

Energy consumed NA
U.S. production NA
Total energy consumption 2- 4 xl012 Btu/yr
Reduction in energy consumption with hybrid 33%

: Portion of industry using hybrid 50%
Total energy saved with hybrid 1012 - 2 • 1012 Btu/yr

Likelihood of acceptance by commercial sector?

Good.

Need for government research support?

Moderate. Hoechst/Celanese is developing membrane technology for this
application; however, module design is difficult for pervaporation.

UREA MANUFACTURE

Description. Replace two-stage evaporation with RO/evaporation hybrid similar to KBL
concentration case study.

Is the hybrid likely to be the process of choice?

Possibly. Membrane is likely to reduce energy reql_irement (:a,,oid phase change).
Membrane probably cannot cto entire separation because of high osmotic pressure.
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Figure IX-6, Pervaporation/distillation hybrid in the MTBE manufacturing process,
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Are 1013 Btu/yr of energy saved?

Energy consumed: NA
U.S. production: NA
Total energy consumption: 2- 4 xl012 Btu/yr
Reduction in energy consumption with hybrid: 33%
Portion of industry, using hybrid: 50%
Total energy saved with hybrid: 1012 - 2 • 1012 Btu/yr

Likelihood of acceptance by commercial sector?

Low.

Need for government research support?

Yes, if a promising membrane technology appears.
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Appendix A

DETAILED PROCESS FLOW CONDITIONS AND COST BREAKDOWNS FOR
CASE STUDY 1 - PROPYLENE/PROPANE SPLITTING
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Table A-1
STREAM CONDITIONS FOR PROPYLENE/PROPANE SEPARATION WITH MEMBRANE

TECHNOLOGY ALONE,,
(Basis: 95% propylene; 500 million Ib product per year)

Stream*
Compressed

Feed Propane Permeate Permeate Propylene
( 1 ) _...L2_J__ ,, (3) , (4_ (5_ _

Mole Fractions

Propylene 0.439 0.038 0.950 0.950 0.950

Propane 0.543 0.930 0.049 0.049 0.049

C4+ 0.018 0.032 0.001 0.001 0.001

Total flow
(1,000 Ib/hr) 148.6 85.1 63.5 63.5 63.5

Temperature (°F) 115 124 -- 253 108

Pressure (psia) 250 250 14.7 250 250

,j

Stream numbers refer to Figure IV-4 in main text,

A-3



Table A-2
UTILITY REQUIREMENTS FOR PROPYLENE/PROPANE SEPARATION WITH MEMBRANE

TECHNOLOGY ALONE
(Basis: 95% propylene; 500 million Ib product per year)

Utility,
_DI Water Z._ Total

Massflow (Ib/Ibproduct) . 0.116 6.49 -- --

Energy.flow (Btu/Ib product) 110 -198 11 0 --

Thermal energy equivalent 129 -- 331 460
(Btu/Ib product)

,.

Table A-3
CAPITAL INVESTMENT FOR PROPYLENE/PROPANE

SEPARATION WITH MEMBRANE TECHNOLOGY ALONE
(Basis: 95% propylene; 500 million Ib product per year)

Installed Cost
Processunit ' ( $1.0 0,,0)

Membrane unit
(Membrane replacement= $126,000) $ 302

Heater 44

Condenser 103

Compressor 3,014

General services 478

: TOTAL $ 4,031
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Table A-4
PROPYLENE/PROPANE SEPARATION WITH MEMBRANE TECHNOLOGY ALONE:

ESTIMATED ANNUAL OPERATING COSTS AND REVENUE REQUIREMENTS
(Basis: 95% propylene 500 million Ib product per year)

Thousands Cents per
of ,Dollars Pound of Percent
per year EL0.g.yJgJl_ of Total

Maintenance materials 81 0,016 3.0

Labor

Operating 39 0.008 1.4
Supervision 21 0.004 0.8
Maintenance 101 0.020 3.7
Benefits 56 _ 2.1

Total labor 21 7 0.043 8.0

Utilities

Steam 291 0.058 10.7
Electricpower 818 0 163 30.2
Coolingwater 30 0.00 _ 1.1

Totalutilit=es 1,139 0.227 42.0

Fixed costs

Corporatecosts 54 0.011 2.0
Generaland administrativeexpenses 32 0.006 1.2
Propertytaxes an:l insurance 101 0.020 _

Total fixed costs 187 0.037 6.9

Total operating costs _ 0.324 59.9

Capital-relatedcharges and income tax 1.087 E,ZJ_Z

Total processing cost 2,711 0.542 100,0 ....
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DETAILED PROCESS FLOW CONDITIONS AND COST BREAKDOWNS FOR
STAND-ALONE DISTILLATION SYSTEM
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Table A-5
STREAM CONDITIONS FOR PROPYLENE/PROPANE SEPARATION WITH

" DISTILLATION TECHNOLOGY ALONE
(Basis: 95% propylene; 500 million Ib product per year)

Stream,
Feed Propane Propylene
(1) _ _ (3).

Mole Fractions

Propylene 0.439 0.038 0.950

Propane 0.543 0.930 0.050

C4+ 0.018 0.032 0.000

Total Flow(1,000 Ib/hr) 148.6 85.1 63.5

Temperature(°F) 115 127 105

Pressure(psia) 250 260 240
i,

*Streamnumbersreferto FigureIV-5 inmaintext.
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Table A-6
UTILITY REQUIREMENTS FOR PROPYLENE/PROPANE SEPARATION WITH

DISTILLATION TECHNOLOGY ALONE
(Basis: 95% propylene; 500 million Ib product per year)

Utility
Water _ Total

Massflow(Ib/Ibproduct) 2.30 71.3 -- --

Energyflow (Btu/Ibproduct) 2,190 -2,190 6.30 --

Thermalenergyequivalent 3,570 -- 19.0 2,580
(Btu/Ibproduct)

Table A-7
CAPITAL INVESTMENT FOR PROPYLENE/PROPANE

SEPARATION WITH DISTILLATION TECHNOLOGY ALONE
(Basis: 95% propylene; 500 million Ib product per year)

r

Installed Cost
Process Unit ( $1. O0 0__

DistillationUnit
(and associatedequipment) $18,000

General services __..?,3.Q9.

TOTAL $ 20,300
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Table A-8
PROPYLENE/PROPANE SEPARATION WITH DISTILLATION TECHNOLOGY ALONE:

ESTIMATED ANNUAL OPERATING COSTS AND REVENUE REQUIREMENTS
(Basis: 95% propylene; 500 million Ib product per year)

Thousands Cents per
of Dollars Pound of Percent
Per yoar _

Maintenance malerlals 406 O.081 3.0

Labor

Operaiing 39 0.008 0.3
Supervision 82 0.016 0.6
Maintenance 508 O,102 3.7
Benefits 220 0.044 1.6

Totallabor 849 O.170 6.2

Utilities

Steam 5,770 1.154 4.2.4
Electricpower 47 O.009 O.3
Cooling water _ _

Total utilities 6,141 1.228 45.1

Fixed costs

Corporatecosts 273 0.055 2.0
Generaland administrativeexpenses 126 0.025 0.9
Property taxes and insurance _ _ ;LZ

Total fixed costs _ _

Total operating costs _ _ 60.9

Capital-related charges and income tax _ .1.,.0.64

Total processing cost 13,623 2.724 100.0
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MEMBRANE/DISTILLATION HYBRID SYSTEM

(_bm = 0.69)
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Table A-9
STREAM CONDITIONS FOR PROPYLENE/PROPANE SEPARATION WITH

MEMBRANE/DISTILLATION HYBRID TECHNOLOGY
(Basis: 95% propylene; 500 million Ib product per year)

stream*
Compressed

Feed Propylene Bottoms Permeate Permeate Recycle Propane
(1) (2) , (3) (4_ _ (5_ (6_ (7_

Mole fractions

Propylene 0.439 0.950 0.31 7 0.933 0.933 0,933 0.038

Propane 0.543 0.050 0.661 0.066 0.066 0.066 0.930

C4+ 0,018 0.000 0.022 0.001 0.001 0.001 0.032

Total flow 148.6 63.5 121.9 36.7 36.7 36.7 85.1
(1000 Ib/hr)

Temperature 115 105 121 -- 307 108 127
(°F)

Pressure 250 240 260 14.7 250 250 260
(psia)

*Stream numbers refer to Figure IV-7 in main text.
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Table A-10
UTILITY REQUIREMENTS FOR PROPYLENE/PROPANE
SEPARATION WITH MEMBRANE TECHNOLOGY ALONE
(Basis: 95% propylene; 500 million Ib product per year)

Utility
Cooling

Steam W 3.tPJ: _

Mass flow (Ib/Ib product)

Distillation 0.994 31.8 ..... --
Membrane _ 4.3 -- --

TOTAL 1.071 36.0 -- --

Energy flow (Btu/Ib product)

Distillation 939 -936 2.8 ---
Membrane 73 -130 70.4 ---

TOTAL 1,01 2 -1,066 73.1 ---

Thermal energy equivalent (Btu/Ib product)

Distillation 1,104 -- 8 1,113
Membrane _ -- _ 297

TOTAL 1,190 -- 219 1,409
.=...,.
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Table A-11
CAPITAL INVESTMENT FOR PROPYLENE/PROPANE SEPARATION

WITH MEMBRANE/DISTILLATION HYBRID TECHNOLOGY ALONE
(Basis: 95% propylene; 500 million Ib product per year)

Installed Cost
Process Unit (S1,000

,.

Membrane section

Membrane unit
(membrane replacement= 86), $ 207

Heater 44
Condenser 76
Compressor

Total $ 3,059

Distillation column
(and associated equipment 7,712

General services 1.394

Total $12,165
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Table A-12
PROPYLENE/PROPANE SEPARATION WITH MEMBRANE/DISTILLATION HYBRID

TECHNOLOGY: ESTIMATED ANNUAL OPERATING COSTS AND REVENUE REQUIREMENTS
(Basis ' 95% propylene; 500 million Ib product per year)

Thousands Cents per
of Dollars PounL of Percent
P_r yoar Propylene of Total

Maintenance materials 243 0.049 3.1

Labor

Operating 39 0.008 0.5
Super'vision 52 0.010 0.7
Maintenance 304 0.061 3.9
Benefits 138 _

Total labor 533 0.107 6.8

Utilities

Steam 2,677 0.535 33.9
Electric power 542 0.108 6.9
Cooling water _ _

Total utilities 3,378 01675 42.8

Fixed costs

Corporatecosts 158 0.032 2.0
General andadministrativeexpenses 79 0.01 6 1.0
Propertytaxes and insurance 304 D.,D3.!. 3.9

Total fixed costs 541 .g.J_O3 6.9

Total operating costs _ _ 59.5

Capital-related charges and income tax 3.193 _

Total processing cost 7,887 1.572 100,0

o
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Appendix B

UTILITY REQUIREMENTS AND COST BREAKDOWNS FOR
CASE STUDY 2 . NITROGEN REMOVAL FROM NATURAL GAS
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STAND-ALONE MEMBRANE SYSTEM
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Table B-1
_, UTILITY REQUIREMENTS FOR N2 REMOVAL

WITH MEMBRANE TECHNOLOGY ALONE
(basis: 8 MMcfd feed rate)

J

Utility

Water Electricity
'- v

Massflow 0.0 --
(Ib/Mcfgas)

Energyflow -- 0.0
(1000 Btu/Mcfgas)

Thermal energyequivalent* -- 0.0
(1000 Btu/Mcfgas)

Autil(1000 Btu/Mcfgas) 0.0 0.0

* Thermal energy _quivalentsare based on an electric power'generation
efficiency of 33%.

Table B-2
CAPITAL INVESTMENT FOR N2 REMOVAL
WITH MEMBRANE TECHNOLOGY ALONE

(basis: 8 MMcfd feed rate)

Installed Cost
Proces# Unit ($milllons)

Membrane unit $ 0.64

General services , 0,09

Total $10.73
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Table B-3
N2 REMOVAL wITH MEMBRANE TECHNOLOGY:

ESTIMATED ANNUAL OPERATING COSTS AND PROCESSING COST
(basis: 8 MMcfd feed rate)

Thousands ,,
of Dollars Percent
Der Year _ of Total

Unrecovered methane 903 0.73 68.2

Maintenance materials 15 0.01 1.1

Labor

Operatinglabor 13 0.01 1.0
Supervision 5 0.00 0.4
Maintenancelabor 18 0.01 1.4
BenefitS 13 0.01 1.0

Total labor 49 0.04 3.7

Utilities

Electricpower 0 0.00 0.0
Cooling water 0 0.00 0.0

Total utilities 0 O.O0 O.0

Fixed costs

General and administrativeexpenses 7 0.01 0.5
Property taxes and insurance 18 JLOJ. 1.4

Total fixed costs 25 0.02 1.9

Total operating costs 9 9 1 0 80 74.9

Capital-relatedcharges and incometax 333 0.27 _.Z.5.3.

Total processing cost 1324 1.07 100,0
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STAND-ALONE PSA SYSTEM
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Table B-4
UTILITY REQUIREMENTS FOR N2 REMOVAL

WITH PSA TECHHOLOGY ALONE
(basis: 8 MMcfd feed rate)

Utility

w_|?r . EIQC:triclty

Mass flow 687 --
(Ib/Mcfgas)

i

Energyflow -- 39.4
(1,000Btu/Mcfgas)

Thermalenergy equivalent* -- 118.2
(1000 Btu/Mcfgas)

Autil(1000 Btu/Mcfgas) -0.6 39.4

* Thermalenergyequivalentsare basedon an electricpowergeneration
efficiencyof 33%.

Table B-5
CAPITAL INVESTMENT FOR N2 REMOVAL

WITH PSA TECHNOLOGY ALONE
(basis: 8 MMcfd feed rate)

Installed Cost
Pro(;ess Unit _ ($millions_

PSA unit $ 3.07

Compressor 2.86

General services 0.89,

Total $ 6.83
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Table B-6
N_ REMOVAL WITH PSA TECHNOLOGY:

ESTIMATED ANNUAL OPERATING COSTS AND PROCESSING COST
(basis: 8 MMcfd feed rate)

i

Thousands
of Dollars Percent

_IJ./.M._f OaS

Unrecovered methane 303 0.16 8.0

Maintenance materials 137 0.02 1.0

Labor

Operatinglabor 13 0.01 0.3
Supervision 28 0.02 0.7
Maintenancelabor 171 0.09 4.5
Benefits .....7__t _ Z,.0.

Total labor 285 0.15 7,6

Utilitl_-s

Electricpower 1077 0.58 28,6
Coolingwater _ 0.00

Total utilities 1085 0.58 28,8

Fixed costs

General and administrativeexpenses 42 0.02 1.1
Property taxes and insurance 171 0,09

Total fixed costs 213 0.11 5,7

Total operatln_i costs 2 0 2 3 1.0 9 5 3.7

Capital-relatedchargesand incometax _ _

Total processing cost 3 7 6 8 2.0 3 1 0 O, 0

B-?



HYB-1

I

/

/
/

B-8



Table B-7
UTILITY REQUIREMENTS FOR N2 REMOVAL WITH HYB-1

(basis: 8 MMcfd feed ate)

Utiltty

water ,, E/ectrl_:lty

Massflow 688 --
(Ib/Mcfgas)

Energyflow -- 39.2
(1000 Btu/Mcfgas)

Thermal energy equivalent* -- 117.6
(1000 Btu/Mcf gas)

Autil (1000 Btu/Mcf gas) -0.6 39.2 '

* Thermal energy equivalents are based on an electric power generation
efficiency of 33%.

Table B-8
CAPITAL INVESTMENT FOR N2 REMOVAL WITH H_'B-1

_basis: 8 MMcfd feed rate)

Installed Cost
Process Unit ($rrllllions)

PSA unit $ 2.52

Compressor 2.44

Membrane unit 0.31

General services 0.79

Total $ 6.07



Table B-9
N2 REMOVAL WITH HYB-I:

ESTIMATED ANNUAL OPERATING COSTS AND PROCESSING COST
(basis: 8 MMcfd feed rate)

Thousands
of Dollars Percent
Der Year r_MgJ_g_tls of Total

Unrecovered methane 653 0.44 17.6

Maintenance materials 121 0.08 3.3

Labor

Operating labor 13 0.01 0.4
Supervision 25 0.02 0,7
Maintenance labor 152 0.10 4.1
Benefits 66 _ 1.8

Total 256 0.17 6.9

Utilities,

Electric power 863 0.58 23.3
Cooling water __Z 0.00 0.2

Total utilities 870 0.58 23.5

Fixed costs

General and administra'_iveexpenses 38 0.03 1.0
Property taxes and insurance 152 0.10 4.1

Total fixed costs 189 0.13 5.1

Total operating costs 2090 1.39 56.4

Capital-relatedcharges and income tax 1 61 4 __

Total processing cost 3704 2.47 100.0
w
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Table B-10
UTILITY REQUIREMENTS FOR N2 REMOVAL WITH HYB-2

(basis' 8 MMcfd feed rate)

Utility

m, W_ter Electricity

Massflow 560 --
(Ib/Mcfgas)

Energyflow -- 24.8
(1000 Btu/Mcfgas)
!

Thermalenergyequivalent* -- 74.5
(1000 Btu/Mcf gas)

Autil (1000 Btu/Mcf gas) -0.5 74.5

* Thermal energy equivalents are based on an electric power generation
efficiency of 33%.

Table B,11
CAPITAL INVESTMENT FOR N2 REMOVAL WITH HYB-2

(basis" 8 MMcfd feed rate)

Installed Cost
Process ._UJ_ (Sm ill ion s

Membran_ unit $ 0.67

Compressor #1 1.35

PSA unit 1.76

Compressor #2 1.70

General services

Total $ 6.31
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Table B-12
N2 REMOVAL WITH HYB-2:

ESTIMATED ANNUAL OPERATING COSTS AND PROCESSING COST
(basis: 8 MMcfd feed rate)

Thousands
of Dollars Percent
per Yei_l: $//Mcf pas of Total

Unrecovered methane 140 0,07 4.5

' Maintenance materials 126 0,06 4,0

Labor

Operating labor 13 0.01 0.4
Supervision 26 0.01 0.8
Maintenance labor 158 0.08 5.0
Benefits 69 0,03 2.2

Total labor 265 0.13 8.4

Utilities

Electric power 740 0.37 23.6
Cooling water ._._7. 0.00 .E,.?=

Total utilities 747 0.37 23.8

Fixed costs

General and administrative expenses 39 0.02 1.2
Property taxes and insurance 158 _ 5.0

Total fixed costs 197 0.10 6.3

Total operating costs 1476 0,73 47,1

Capital-relatedcharges and income tax ! 660 _

Total processing cost 31 36 1.55 100.0
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Table B-13
UTILITY REQUIREMENTS FOR N2 REMOVAL WITH HYB-3

(basis: 8 MMcfd feed rate)

Utility

wpter Electricity

Massflow 716 --
(Ib/Mcfgas)

Energyflow -- 39.9
(1000 Btu/Mcfgas)

Thermalenergyequivalent* -- 119,8
(1000 Btu/Mcfgas)

Autil(1000 Btu/Mcfgas) -0.7 39.9

* Thermal energyequivalentsare basedon an electricpowergeneration
efficiencyof 33%.

Table B-14
CAPITAL INVESTMENT FOR N2 REMOVAL WITH HYB-3

(basis: 8 MMcfd feed rate)

Installed Cost
Process Unit ($milllons)

PSA unit $ 3.55

Compressor 3.21

Membrane unit 0.24

General services 1.05

Total $ 8.04
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Table B-15
N2 REMOVAL WITH HYB-3:

ESTIMATED ANNUAL OPERATING COSTS AND PROCESSING COST
(basis: 8 MMcfd feed rate)

Thousands
of Dollars Percent

, per Ye_ $//Mcf gas of Total

Unrecovered methane 40 0.02 1.0

Maintenance materials 161 0.08 3,9

Labor

Operating labor 13 0.01 0.3
Supervision 32 0,02 0.8
Maintenance labor 201 0,09 4,9
Benefits 86 , _ 2,.j.

Total labor _ 333 0,16 8.1

Utilities

Electric power 1250 0,59 30,5
Cooling water _ 0.00 _._

Total utilities 1261 0.59 30.8

Fixed costs

General and administrative expenses 49 0.02 12
Property taxes and insurance 201 0,09

Total fixed costs 250 0,12 6.1

Total operating costs 2044 0.96 49.9

Capital-relatedcharges and income tax 2 05 4 _0,96 .._

Total processing cost 4098 1.92 100.0
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Appendix C

UTILITY REQUIREMENTS AND COST BREAKDOWNS FOR CASE STUDY 3 -
CONCENTRATION OF KBL,

/

'/I

i
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STAND-ALONE EVAPORATION SYSTEM

.C-2



" Tblec.1
UTILITY REQUIREMENTS FOR KBL CONCENTRATION WITH EVAPORATION

TECHNOLOGY ALONE
(Basis: 990,000 Ib/hr weak KBL; 750 TPD pulp mill)

Utility

Steam Electricity Total .

MaSsflow 0.163 -- --
(1,000 lbl1,000 Ib
weak KBL)

Energyflow 147 0.00 147
(MBtu/1,000 Ib weak
KBL)

Thermalenergy 173 0.00 173
equivalent

(MBtu/1,000 Ib weak
KBL)

" Thermalenergyequivalentsare basedonan electricpowergenerationefficiencyof 33% and a steam
generationefficiencyof 85%

' Table C-2
CAPITAL INVESTMENT FOR KBL CONCENTRATION WITH

EVAPORATION TECHNOLOGY ALONE
(Basis: 990,000 Ib/hr weak KBL; 750 TPD pulp mill)

Installed Cost
process Unit . ($mllllon_

Evaporator $ 3.60

General Services 0,54

Total $ 4.14

C-3



Table C-3
KBL CONCENTRATION WITH EVAPORATION TECHNOLOGY:

ESTIMATED ANNUAL OPERATING COSTS AND PROCESSING COST
(Basis: 990,000 Ib/hr weak KBL; 750 TPD pulp mill)

" Thousands Dollars per ,
of Dollars 1,000 Pounds Percent
per Year .of Weak KBL

Salt cake 0 0.0 0.0

Maintenance Materials 83 0.011 2.0

Labor

Operatinglabor 39 0.005 0,9
Supervision 21 0.003 0.5
Maintenance labor 104 0.013 2.5
Benefits 58 _ 1.4

Total labor 222 0,028 5.3

Utilities

Steam 2,549 0.326 60.8
Electricpower 0 _

Total utilities 2,549 0.326 ' 60.8

Fixed costs

General and administrative expenses 33 0.004 0.8
Property taxes and insurance 104 0,013 2.5

Total fixed costs 136 0,01 7 3,2

Total operating costs 2,990 0.382 71,4

Capital-relatedcharges and income tax 1,199 _

Total processing cost 4,189 0.536 100.0
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, REVERSE OSMOSIS/EVAPORATION HYBRID SYSTEM

(_)RO = 0.282)
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Table C-4
UTILITY REQUIREMENTS FOR KBL CONCENTRATION WITH

RO/EV HYBRID TECHNOLOGY
(Basis: CRO = 0.282; 990,000 Ib/hr weak KBL; 750 TPD pulp)

. Utility
_;team Elec|ri_tity . Total

Mass flow (1,000 Ib/1,000 Ib weak KBL) 0.094 -- --

En¢rgyflow (MBtu/1,000 Ibweak KBL) 84.7 8.9 93.6

Thermal energyequiva-lent*(MBtu/1,000 Ibweak KBL) 99.6 26.6 126

Thermalenergyequivalentsare based on an electricpowergenerationefficiencyof 33% and a steam
generationefficiencyof 85%

Table C-5
CAPITAL INVESTMENT FOR KBL CONCENTRATION WITH

RO/EV HYBRID TECHNOLOGY
(Basis: _RO = 0.282; 990,000 Ib/hr weak KBL; 750 TPD pulp)

Installed Cost
Process Unit ($mlllion}

Reverseosmosisunit

Membrane#1 $ 1.04
(replacementcost= 0.43)

Pump #1 0.40

Membrane #2 0.89
; (replacement cost - 0.37)

Pump #2 0.13

Total $ 2.45

Evaporator 2.31

General services 0.71
=

Total $ 5.47



Table C-6
SOLVENT DEASPHALTING WITH RO/EV HYBRID TECHNOLOGY:

ESTIMATED ANNUAL OPERATING COSTS AND PROCESSING COST
(Basis: SRO = 0.282; 990,000 Ib/hr weak KBL; 750 TPD pulp)

Thousands Dollars
of Dollars per 1,000 Ibs Percent

We_Ik KBL 9f Total

: Salt cake 41 0.005 0.8

Maintenance Materials 109 0.014 2.1

Labor

Operatinglabor 66 0.008 1.3
Supervision 30 0.004 0.6
Maintenance labor 137 0.018 2.7
Benefits _ JLO.J..Q 1.6

Total labor 314 0.040 6.2

Utilities

Steam 1,464 0.187 28.8
Electric power _ _ 20.0

Total utilities 2,483 0.318 48.8

Fixed costs

Generaland administrativeexpenses 46 0.006 0.9

Property taxes and insurance _ _ 2.7

Total fixed costs _ _

Total operating costs 3,131 0.401 61.5

Capital-relatedcharges and income tax _ 0.250

- Total processing cost 5,089 0 651 100.0
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FREEZE CONCENTRATION/EVAPORATION HYBRID SYSTEM

(_)FC = 0.670)
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Table C-7
UTILITY REQUIREMENTS FOR KBL CONCENTRATION WITH

FC/EV HYBRID TECHNOLOGY
(Basis' (_FC = 0.670; 990,000 Ib/hr weak KBL; 750 TPD pulp)

Utility
Steam _ Total

Mass flow (1,000 Ib/1,000 Ib weak KBL) 0.037 ......

Energyflow(MBtu/1,000 Ibweak KBL) 33.2 22.3 55.5
• o lk

Thermal energy equ=valent(MBtu/1,000 Ibweak KBL) 39.0 66.9 106

Table C-8
CAPITAL INVESTMENT FOR KBL CONCENTRATION WITH

FC/EV HYBRID TECHNOLOGY

(Basis: _FC = 0.670; 990,000 Ib/hr weak KBL; 750 TPD pulp)

Installed Cost
Process Unit ($million)

Freeze concentrator $16.80

Evaporator 1.21

General services ._...2,,Zg

Total $ 20.72



Table C-9
KBL CONCENTRATION WITH FC/EV HYBRID TECHNOLOGY:

ESTIMATED ANNUAL OPERATING COSTS AND
PROCESSING COST

(Basis: _FC = 0.670; 990,000 Ib/hr weak KBL; 750 TPD pulp)

Thousands Dollars per
of Dollars 1,000 Pounds Percent
per Year of Weak __J= of Total

Salt cake 68 0.009 0.6

Maintenance Materials 414 0.053 4.0

Labor

Operatinglabor 105 0.013 1.0
Supervision 93 0.012 0.9
Maintenance labor 518 0.066 4.9
Benefits ._ _ ?,,3.

Total labor 968 O.124 9.2

Utilities

Steam 574 0.073 5.5
Electric power 2.564 9._.

Total utilities 3,137 0.401 30.0

Fixed costs

General and administrativeexpenses 143 0.018 1.4

Property taxes and insurance 518 _ 4.9

Total fixedcosts 661 0.085 6.3

Totaloperatingcosts 5,249 0.671 50.1

Capital-relatedcharges and incometax 5.2! 8 _ 49.9

Totalprocessingcost 10,467 1.339 100.0
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REVERSE OSMOSIS/FREEZE CONCENTRATION/EVAPORATION
HYBRID SYSTEM

(_Ro = 0.282; OFC = 0.388)

C-11
-



Table C-10
UTILITY REQUIREMENTS FOR KBL CONCENTRATION WITH RO/FC/EV HYBRID

TECHNOLOGY

Utility

Electricity

Mass flow(1,000 Ib/1,000 Ibweak 0.037 .......
KBL)

Energy Flow (MBtu/1,000 Ib weak 33.2 8.9 8.9 51.0
KBL)

Thermal energy equivalent 39.0 26.6 26.8 92.4
(MBtu/! ,000 Ib weak KBL)

Table C-11
CAPITAL INVESTMENT FOR KBL CONCENTRATION WITH

RO/FC/EV HYBRID TECHNOLOGY

Installed Cost
Process Unit _ ($million)

Reverse osmosis unit

Membrane #1 $ 1.04
(replacement cost = 0.43)

Pump #1 0.40

Membrane #2 0.89
(replacement cost = 0.37)

Pump #2

Total $ 2.45

Freeze concentrator 7165

Evaporator 1.21

General services 1.70

Total $ 13.01
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Table C-12
KBL CONCENTRATION WITH RO/FC/EV HYBRID TECHNOLOGY:

ESTIMATED ANNUAL OPERATING COSTS AND PROCESSING COST

' Thousands Dollars per
of Dollars 1,000 Pounds Percent
per Year of Weak KBL of Total

Salt cake 68 0.009 0.9

Maintenance Materials 260 0.033 3.3

Labor

Operatinglabor 131 0.017 1.7
Supervision 69 0.009 0,9
Maintenancelabor 325 0.042 4,1
Benefits 184 0.024 2.3

Total labor 709 0.091 9.0

Utilities

Steam 574 0.073 7.3
Electric power _ _

Total utilities 2,618 0.335 33.2

Fixed costs

General and administrative expenses 105 . 0.013 1.3

Property taxes and insurance _=32_5. _

Total fixed costs 430 0.055 5.5

Total operating costs 4,085 0.523 51.9

Capital-related charges and income tax 3.787 0.484

Total processing cost 7,872 1.007 100.0
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Appendix D

DISTILLATION DATA, UTILITY REQUIREMENTS, AND
COST BREAKDOWNS FOR CASE STUDY 4 SOLVENT DEASPHALTING
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Table D-1
DISTILLATION DATA FOR DEASPHALTED OIL FRACTION

USED IN DAO PROPERTY ESTIMATIONJ

Volume % Distilled Temperature (°F)

0,5 575

5.0 705

10 760

20 825

30 880

40 930

50 980

Distillation method: ASTM D1160
API gravity: 19.2

'',,r,,r
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EVAPORATION SYSTEM
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Table D-2
UTILITY. REQUIREMENTS FOR SOLVENT RECOVERY IN SOLVENT DEASPHALTING

WITH EVAPORATION TECHNOLOGY ALONE
(Basis: 95% DAO, 100,000 Ib DAO/hr)

Utility

Steam .
Extraction Evap

Tower . Heat_ Water ' Ei._ E.OJJ_
E

Massflow 0.18 1 20 43.5 ....
(Ib/Ib DAO)

Energy flow 150 991 -1,085 9.91 --
(Btu/Ib DAO)

Thermal ener_ly 177 1,166 --- 29.7 1,373
equivalent

(Btu/Ib DAO)

* Thermal energy equivalents are based on an electric power generation efficiency of 33% and a steam
generation efficiency of 85%.

Table D-3
CAPITAL INVESTMENT FOR SOLVENT RECOVERY IN

SOLVENT DEASPHALTING WITH EVAPORATION ,
TECHNOLOGY ALONE

(Basis: 95% DAO, 100,000 Ib DAO/hr)

Installed Cost

: _ Process Unit __ ($1.000_

Extraction tower $1,410

Process heater 414

Flash drum 736

Condensor 1,084

Evaporation pump 122

General services

TOTAL $ 4,332
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Table D-4
SOLVENT DEASPHALTING WITH EVAPORATION TECHNOLOGY:

ESTIMATED ANNUAL OPERATING COSTS AND PROCESSING COST
(Basis: 95% DAO, 100,000 Ib DAO/hr)

Thousands Dollars per
of Dollars Pound Percent
Der Y_a.r of DAQ of Total

Maintenance materials $ 87 $ 0.011 1,1

Labor ,

Operating labor $ 39 $ 0,005 0,5
Supervision 22 0,003 0,3
Maintenance labor 108 0.014 1,4
Benefits 60_ _ 0,8

Total labor $ 229 $ 0,029 2,9

Utilities

Steam $ 5,460 $ 0,691 68,9
Electric power 115 0.015 1,5
Cooling water 234 0,030

Total utilities $ 5,808 $ 0,736 73,3

Fixed costs

corporate costs $ 159 $ 0,020 2.0
General administrative expenses 34 0,004 004
Prop,ertytaxes and insurance _2_3_. 0,014 .._.13.

Total fixed costs $ 301 $ 0,038
,_,

Total annual operating costs $ 6,425 $ 0.814 81.0

Capital-related charges and income tax $ 1,503 ._

Total processing cost $ 7,928 $. 1.004 100.0
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HYBRID SYSTEM

(_m 0.50)
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Table D,5
UTILITY REQUIREMENTS FOR SOLVENT RECOVERY IN SOLVENT DEASPHALTING

WITH MEMBRANE/EVAPORATION HYBRID TECHNOLOGY
(Basis: Cm = 0.5; 95% DAO; 100,000 Ib DAO/hr)

Utility

Steam Electricity _
Extraction Evap Memb Evap

Tower ....Heater .Water PUleD Pump

Massflow 0.044 0.337 11.2 ......
(Ib/IbDAO)

Energy flow 36.4 278 -279 23.6 2.86 ....
(Btu/IbDAO)

Thermalenergy 42.8 327 -- 70.8 8.58 449
equivalent

(Btu/Ib DAO)

'l

Table D-6
CAPITAL INVESTMENT FOR SOLVENT RECOVERY IN

SOLVENT DEASPHALTING WITH
MEMBRANE/EVAPORATION HYBRID TECHNOLOGY

(Basis: Cm = 0.5, 95% DAO: 1,000 Ib DAO/hr)

Installed Cost
_ Process Uni| ($1.000) _

Membrane unit* $ 3,863

Membranepump 296

Extractiontower .2,035

Processheater 146

Flashdrum 591

Condensor 344

Evaporationpump 38

General services ._I.JZg.Z

TOTAL $ 8,409

* Membrane replacement = $1,610,000
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'Table D-7
SOLVENT DEASPHALTING WITH MEMBRANE/EVAPORATION HYBRID

TECHNOLOGY: ESTIMATED ANNUAL OPERATING COSTS AND REVENUE
REQUIREMENTS

(Basis: ¢m = 0.5; 95% DAO, 100,000 Ibs DAO/hr)

Thousands Dollars per
of Dollars Pound Percent
Der Year of DAO 9J._T..OJ_

Maintenance materials $ 168 $ 0.021 12.4

Labor

Operatinglabor $ 39 $ 0.005 0.6
Supervision 37 0.005 0.5
Maintenancelabor 210 O.027 3.0
Benefits 101 0.013 1.5

Total labor $ 388 $ 0.049 5.6

Utilities

Steam $ 1,504 $ 0.190 21.8
Electricpower 307 O.039 4.4
Cooling water 60 _ 0.008 0.9

Totaluti!ities $ 1,871 $ 0.2_37 27.1

, Fixed costs

Corporate COSTS $ 138 $ 0.020 2.0
• General administrativeexpenses 5 7 0.00 7 0.8

Property taxes and insurance 210 _...0.,.Q?,,Z. 3.0

_ Total fixed costs _ $ 0.051 5.9

Total annual operating costs $ 2,833 $ 0.359 41.0

Capital-relatedchargesandincometax $ 4.082 $ 0.517 59.0

Total processing cost $ 6,914 $ 0.876 100.0
_

_
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